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A B S T R A C T

For gas sweetening, physical solvents (e.g. Selexol, Rectisol and Fluor) are favored over chemical solvents when
the partial pressure of CO2 in the flue gas is high. The CO2 rich solvent is usually regenerated by reducing the
pressure without adding heat. The current work presents a comparative study of the low-viscous ionic liquid (IL)
1-hexyl-3-methylimidazolium tricyanomethanide ([C6mim][TCM]) versus the established physical solvent
Selexol (DEPG, a mixture of dimethyl ethers of polyethylene glycol) used as a benchmark. The process being
investigated is the sweetening of synthetic natural gas mainly consisting of CO2 and CH4 (about 13 kton·y−1).
The parameters used for the fair comparison include: (i) the CO2 solubility (removal capability and solvent
efficiency), (ii) the energy needed for solvent regeneration and (iii) the required equipment to achieve the same
performance in terms of separation selectivity and specification of the purified gas. Besides the pressure swing
process configuration commonly used in the absorption/desorption processes involving physical solvents, novel
temperature swing and a combination of the two are evaluated including their impact on the primary energy
requirement and investment costs for CO2 capture. In this work, it is concluded that a combination of pressure-
and temperature swing is the most feasible configuration for solvent regeneration. The pressure in this novel
concept is reduced to only 0.92MPa in the lowest pressure flash tank as compared to 0.1MPa in the conventional
pressure swing process, reducing the recompression costs considerably as the absorber operates at 2.8MPa.

1. Introduction

One of the consequences of the growing world population and the
improved quality of life is the increasing demand for energy, which
cannot be sustained in a fossil fuel based economy. It is commonly
acknowledged that the use of fossil fuels in manufacturing industries,
power plants and transportation is accompanied by emissions of
harmful and greenhouse gases such as CO2. Among the fossil fuels (e.g.
coal, crude oil and natural gas) used, natural gas (NG) has the lowest
impact on the environment [1]. Moreover, due to technological ad-
vances the extraction from unconventional reserves containing sub-
quality NG is becoming economically more feasible. Sub-quality NG
contains relatively high amounts of impurities such as CO2 and hy-
drogen sulfide (H2S), which have to be removed, since they are corro-
sive, decrease the heating value of the NG and increase the volume to be
transported. The removal of sour gases from NG is called NG sweet-
ening. Another source of NG is the synthetic natural gas (SNG) pro-
duced from biomass by thermochemical processing [2]. SNG is a

sustainable alternative for fossil NG. To upgrade the crude SNG, CO2

must be removed. There are various techniques to remove the CO2:
absorption using either chemically active solvents or solvents that in-
teract via physical interactions with CO2, adsorption on solid surfaces,
membrane permeation, cryogenic fractionation and methanation [3–5].
Different design approaches and process layouts for CO2 capture from
crude SNG with membranes exist [6–8]. At high CO2 partial pressure,
SNG upgrade by absorption using physical solvents becomes attractive
[7]. The Selexol process (using DEPG, a mixture of dimethyl ethers of
polyethylene glycol) has been considered as a feasible alternative to
membrane process for CO2 capture from SNG [7,9,10].

The objective of the present study is to investigate the potential use
of ionic liquid (IL) 1-hexyl-3-methylimidazolium tricyanomethanide
([C6mim][TCM]) as physical solvent for selective CO2 capture from an
equimolar gas mixture containing CO2 and CH4. A [TCM]−-based IL is
chosen mainly because of its relative low viscosity [11], which reduces
upon addition of water while improving the CO2 absorption capacity
and its uptake rate [12], high thermal stability during multiple
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absorption/desorption cycles [13] and the highly reduced production
costs which have been proven by the manufacturer (Iolitec) in up-
scaling [TCM]− ILs to multiple hundred kilo gram capacity. Conceptual
process layouts for capturing CO2 from crude SNG with pressure swing,
temperature swing and pressure–temperature-swing solvent regenera-
tion options have been simulated using the Aspen Plus® simulator
(V7.3.2 and V8.6) of Aspen Technology, Inc. (Cambridge, MA). The
energy requirement and the equipment needed are compared to a si-
mulation study using Selexol as the physical solvent. The simulation
results are validated by comparisons with the experimentally obtained
VLE data and thermophysical properties (e.g. density as function of
temperature). One of the disadvantages of using Selexol for gas
sweetening is the co-absorption of hydrocarbons. Although, synthesis
gases do not contain appreciable quantities of heavy hydrocarbons,
here we show experimental evidence of higher CH4 solubility in Selexol
than in [C6mim][TCM]. This makes the [TCM]−-based ILs interesting
solvents for further investigation.

2. Process simulation

Since [C6mim][TCM] was not available in the Aspen Plus database,
its physiochemical properties had to be implemented, see the
Supporting Information. The thermophysical properties of [C6mim]
[TCM] and the CO2 solubilities are reported in our previous works.
[11,14] The process simulations are solved in the equation-oriented
(EO) mode. The EO strategy solves mass and energy balances for the
entire flowsheet simultaneously avoiding nested convergence loops and
is more effective for processes containing recycle streams and design
specifications than the sequential modular mode.

2.1. Selection criteria of [C6mim][TCM]

The choice of the IL [C6mim][TCM] was not based on a solvent
optimization study. [C6mim][TCM] was selected on the basis of the
availability of VLE data (CO2 and CH4), the low viscosity of the
[TCM]−-based ILs, high thermal and chemical stability and good sol-
vation properties of [C6mim][TCM]. To the best of our knowledge,
there are no publications of process simulations of this family of ILs.

2.2. Comparison with the benchmark solvent Selexol

Apart from comparing the absorption capacities and selectivities
towards CO2 between Selexol and [C6mim][TCM], a comparison study
has been performed based on different leaning scenarios using the
[C6mim][TCM] as a solvent. These design scenarios are: pressure swing
(PS), temperature swing (TS), and pressure–temperature-swing (PTS)
absorption–desorption cycles.

The general separation process consists of: an absorption column
operating at 2.8MPa; a high pressure flash with a recycle stream to the
bottom of the column to minimize the CH4 losses; one or more low
pressure flashes to lean the solvent. Before reentering the absorption
column, the temperature of the lean solvent is reduced to 293 K and its
pressure is increased to 2.8MPa. The gas stream and the solvent flows
counter-currently in the absorber.

Bearing in mind the scale of a biofuel production plant [15], the
flow rate of the crude SNG gas stream is assumed to be 50 kmol·h−1

(about 13 kton·y−1). This gas stream is assumed to have an equimolar
ratio of CH4 and CO2 at 2.8 MPa and 293 K. A typical composition of the
crude SNG is given Table 1.

The purified CH4-rich gas stream exiting the top of the column
contains 95 mol% CH4. The enriched CO2 stream obtained during the
regeneration of the solvent contains a maximum of 1 mol% CH4. The
stream is compressed to 10MPa and cooled to 298 K. At these condi-
tions, a liquefied enriched CO2 stream is obtained that is suitable for
sequestration. This separation task is based on the work of Guo et al.
[10], where Selexol is used as solvent while all the other conditions and

constraints are the same. The constraints involve:

1. The compressors have a maximum compression ratio of 3.3;
2. The cooling water (CW) has a temperature of 288 K, which is rea-

sonable for NW Europe, and is discharged at 303 K;
3. The lowest temperature difference between the hot and cold stream

of a heat exchanger (HX) is 5 K and;
4. Compressors have an isentropic efficiency of 0.8 and the pumps

have an efficiency of 0.85.

After the process operating conditions are defined according to the
separation task and its constraints, further process optimization in the
form of heat integration was performed.

2.3. Selexol absorption process

The simulation of the CO2 pressure swing (PS) absorption process
using Selexol as a solvent is used to compare the results with those of
the different scenarios of the [C6mim][TCM] absorption process. The
Selexol solvent is a mixture of dimethyl ethers of polyethylene glycol
(CH3O(CH2CH2O)nCH3) with n=3–9 with an average molecular
weight of 272.8 g·mol−1 [16]. The composition of the Selexol mixture is
presented in Table 2. Due to the unavailability of the pure component
properties of the Selexol mixture in Aspen Plus, dimethyl ether of
pentaethylene glycol (DEPentaG, n=5) was used instead.

The vapor–liquid equilibrium (VLE) was modeled using the pre-
dictive Soave-Redlich-Kwong equation of state (PSRK EoS). This EoS
combines the SRK EoS, the UNIFAC model and the Huron-Vidal mixing
rules. It allows VLE predictions over considerably larger temperature
and pressure ranges than the UNIFAC model and can be used for mix-
tures containing supercritical compounds [17]. In addition, the PSRK
EoS is suitable for physical absorption. The solubility isotherms of CH4

and CO2 at 293.15 K in DEPentaG are shown in Fig. 1.
The selectivity of CO2/CH4 at 0.1MPa in DEPentaG estimated with

PSRK is 0.069 and in Selexol the reported relative solubility is 0.067
[18]. These selectivities are based on the ratio of Henry's constants,
which are typically derived in the low pressure region unless one uses
the Krichevsky-Kasarnovsky approach to obtain the Henry's constants
from the solubility data available at high pressure. Selectivity based on
capacity on the other hand, could reveal the preference of the solvents
at higher pressures. However, the required experimental data for Se-
lexol are to the best of our knowledge not reported in the open

Table 1
Composition of the crude SNG gas [10].

Compounds Crude SNG composition (mol%)

H2 1.2
N2 4.9
CO 0.3
CO2 45.9
CH4 47.6
H2O 0.1

Table 2
Approximated composition of the Selexol solvent [16].

n Mole fraction M/g·mol−1 m/g

3 0.092 178.2 16.4
4 0.283 222.3 62.9
5 0.267 266.3 71.1
6 0.185 310.4 57.4
7 0.108 354.4 38.3
8 0.047 398.5 18.7
9 0.018 442.5 8.0
M/g·mol−1 272.8
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literature. Therefore, the assumption of using DEPentaG as a model
solvent for Selexol is made plausible by comparing the results of
modeling with the ratio of the Henry’s constants obtained from litera-
ture to define the selectivities. Moreover, density and viscosity of DE-
PentaG at room temperature extracted from Aspen Plus are
1026 kg·m−3 and 5.3mPa·s, respectively. These values are similar to
those of Selexol, 1030 kg·m−3 and 5.8mPa·s presented by Ranke and
Mohr [19]. Hence the replacement of Selexol by DEPentaG is justified.

Fig. 2 shows the process flow diagram of the Selexol absorption
process based on the work of Guo et al. [10]. The gas stream is counter-

currently contacted with the downward flowing Selexol solvent. The
purified CH4 gas stream leaves the absorber at the top. The absorption
column contains seven equilibrium trays. The solute rich solvent stream
leaves the absorber at the bottom (i.e. tray 7) and enters the high
pressure flash vessel (HP-FL) operating at 0.93MPa. The gas stream
leaving the top of the flash vessel is mixed with the feed gas after being
recompressed (Recycled gas, abbreviated by Re-Gas) to 2.8 MPa and
cooled to 293 K. The CO2 rich solvent leaving the bottom of the flash
vessel is regenerated using three additional flash vessels in series, at
pressures of respectively 0.42 (INT-FL), 0.23 (LP-FL) and 0.10 (ATM-
FL) MPa. The enriched CO2 gas stream leaves the last flash vessel at the
top and is compressed and cooled via the compressor (COM) train and
intercoolers (HX) to 10MPa and 298 K. Cooling the compressed gas is
done to reduce the temperature of the compressed gas and by that its
volume, which reduces the input power of the compressor. The re-
generated solvent (Sol) leaving ATM-FL is restored to the absorption
column conditions (293 K and 2.8MPa) using a pump (Sol-pump) and
cooling with CW before re-entering the column. The results of the si-
mulation are presented in Table 3. Fig. 3 shows the temperature and the
concentration profiles of the various components in the absorber.

2.4. [C6mim][TCM] absorption process

The simulation of the CO2 removal process using [C6mim][TCM] as
a sorbent, was done for five scenarios utilizing different leaning stra-
tegies. In these strategies pressure, temperature and the number of flash
vessels where varied. These scenarios are meant to determine which
process configuration reduces the energy consumption of the absorp-
tion process the most. For the sake of a fair comparison in terms of
energy consumption and investments between the [C6mim][TCM]- and
the Selexol-based processes, initially the same process flowsheet is

Fig. 1. CH4 (dashed line) and CO2 (solid line) solubility at 293.15 K in
DEPentaG estimated using PSRK.

Fig. 2. Flowsheet of the Selexol PS process adapted from Ref. [10].
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applied for both. For instance, leaning the solvent at a higher pressure
reduces the energy required for compressing the enriched CO2 to
10MPa and for the solvent pump (to raise the pressure to that of the
absorber).

The [C6mim][TCM] was supplied by Ionic Liquids Technologies
GmbH with a purity> 98%, the CO2 and CH4 were purchased from
Linde Gas Benelux B.V. with a purity of 99.995% and>99.99%, re-
spectively. The vapor–liquid equilibrium for the absorption process was
modeled using the non-random two liquids (NRTL) model by Renon
and Prausnitz [20] with the assumption (for simplicity) that the IL does

not dissociate [21]. Gebbie et al. [22] verified this assumption by
combining direct surface force measurements with thermodynamic ar-
guments. It was shown that pure ILs are likely to behave as dilute weak
electrolyte solutions with a characteristic effective dissociated ion
concentration below 0.1% at room temperature. Moreover, electrical
conductivity, which is related to the number density and mobility of the
charge carriers, is an important parameter to quantify the dissociation
of the ILs. In our previous work on thermophysical properties of tri-
cyanomethanide-based ILs it was concluded that ion association in its
different forms (e.g. ion-ion correlations and aggregates) could be re-
sponsible for the decrease in number of effective charge carriers and
hence lower conductivity [11]. The vapor phase non-idealities are
modeled using the Redlich-Kwong (RK) EoS. The calculated CO2 density
is compared with the experimentally determined density using the
magnetic suspension balance at a temperature of 318 K and showed
excellent agreement, see Fig. 4.

The non-volatility of the IL was taken into account by setting the
fitting parameter of the extended Antione equation to a negligible small
value (1e−20), a similar procedure was used by Seiler et al. [21]. Fig. 5
shows that the experimentally determined solubility data of CH4 and
CO2 at 323 K in [C6mim][TCM] are in good agreement with those ob-
tained using NRTL-RK to calculate the fugacities of CH4 and CO2 in the
liquid and the gas phase, respectively.

Fig. 6 displays higher solubility of CH4 in DEPentaG than in

Table 3
Operation conditions and equipment required for the Selexol PS process.

T P φm Equipment Q W Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas feed,
(Nt =
7)

292.65 2.80 0.85 HP-Flash 504.2 504.2

Solvent,
(Nt =
1)

293.15 2.80 10.37 INT-Flash 227.8 227.8

Absorber
top

294.05 2.80 0.13 LP-Flash 93.5 93.5

Absorber
bott-
om

306.25 2.80 11.10 ATM-Flash 64.4 64.4

High pressure flash
(HP-Flash)

Re-Gas-HX −194.8 −194.8

Top 306.25 0.93 0.43 Sol-HX −958.3 −958.3
Bottom 306.25 0.93 10.66 CO2-HX1 −8.9 8.9

Intermediate pressure
flash (INT-Flash)

CO2-HX2 −16.8 −16.8

Top 306.25 0.42 0.17 CO2-HX3 −104.6 −104.6
Bottom 306.25 0.42 10.49 CO2-HX4 −141.4 −141.4

Low pressure flash (LP-
Flash)

CO2-HX5 −279.2 −279.2

Top 306.25 0.23 0.07 Re-Gas-COM 143.5 143.5
Bottom 306.25 0.23 10.42 Sol-Pump 156.5 156.5

Atmospheric pressure
flash (ATM-Flash)

CO2-COM1 11.2 11.2

Top 306.25 0.10 0.05 CO2-COM2 19.8 19.8
Bottom 306.25 0.10 10.37 CO2-COM3 104.1 104.1

Enriched CO2 CO2-COM4 103.7 103.7

298.15 10.0 0.29 CO2-COM5 48.8 48.8

Fig. 3. Concentration and temperature profiles of the Selexol PS absorption
column.

Fig. 4. Comparison between the experimentally determined density of CO2

using the MSB (solid symbols) and the RK model (line).

Fig. 5. CH4 (●) [23] and CO2 (■) [13] solubility at 323 K in [C6mim][TCM]
obtained experimentally (solid symbols) and estimated using NRTL-RK (lines).
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[C6mim][TCM] while the CO2 solubilities are slightly higher in DE-
PentaG. Henry’s constants of CO2 in [C6mim][TCM] and Selexol are 6.5
[13] and 5.6 [24] MPa, respectively. Due to lower solubilities of CO2 in
[C6mim][TCM] than in Selexol, it is chosen to use more stages in the
absorber than in the Selexol process. This decision has a positive effect
on the amount of solvent to be pumped around. Furthermore, as it was
already shown in our previous work [12], mixing [TCM]−-based ILs
with water reduces the viscosity while the absorption capacity and the
absorption rate are improved as compared to the dry IL.

2.5. Pressure swing absorption

Fig. 7 shows the flowsheet of the pressure swing absorption (PS)
process. In this scenario, the solvent is leaned by reducing the pressure
to 0.1 MPa. At these conditions, 4 compressors are needed to increase
the pressure of the enriched CO2 stream to 10MPa. The gas mixture is

fed to the column at tray 15 where it is contacted with the sorbent. The
solute rich stream leaves the absorber at tray 18 and goes to the high
pressure flash vessel (HP-FL) operating at 303 K and 0.41MPa. The gas
phase is recycled to the column after being compressed and cooled by
CW and enters the absorber at the bottom tray, i.e. tray 18. The solute
rich solvent leaving the HP-FL is sent to the atmospheric pressure flash
vessel (ATM-FL) where the solvent is leaned at a pressure of 0.1MPa.
The regenerated solvent is pressurized by means of a pump to 2.8MPa
and cooled using CW to a temperature of 293 K before reentering the
absorption column. The enriched CO2 stream is compressed to 10MPa
and cooled to 298 K using CW. The results of this simulation are pre-
sented in Table 4. Fig. 8 shows the temperature and the concentration
profiles of the various components in the column.

2.6. Temperature swing absorption

Fig. 9 shows the flowsheet of the temperature swing absorption (TS)
process. In this scenario, the solvent is leaned by increasing the tem-
perature whilst keeping the pressure at 2.8 MPa. In this case there is
only one compressor needed for compressing the enriched CO2 stream
to 10MPa. The compression ratio of this compressor (CO2-COM) is 3.7,
which is higher than the constraint of 3.3. Due to the temperature of
609 K at the high temperature flash vessel (HT-FL) the VLE data are
extrapolated beyond their measured values, which could influence the
accuracy of the simulation results.

The gas mixture is fed to the column at tray 15 where it is contacted
with the sorbent. The solute rich stream is sent via two heat exchangers
to the low temperature flash vessel (LT-FL). The gas phase is recycled to
the column after being cooled by CW and enters at the bottom, i.e. tray
18. The solute rich solvent leaving the low temperature flash is heated
via two heat exchangers of which the last is heated using steam and sent
to the high temperature flash vessel where the solvent is leaned at
609 K. The solvent is cooled by feed-effluent heat exchange with the
solute rich solvent stream heading to the flash vessels and cooled using
CW to a temperature of 293 K before re-entering the absorption column.
The enriched CO2 stream is compressed to 10MPa and cooled to 298 K
using CW. In this configuration, there is no need for recompression of
the recycled gas stream and there is also no need for a pump, since the
pressure is maintained throughout the process at 2.8MPa. The results of

Fig. 6. CH4 (■) [23] and CO2 (△) solubilities at 323 K in [C6mim][TCM]
obtained experimentally using the Cailletet apparatus [25] and MSB, respec-
tively. CH4 (dashed line) and CO2 (solid line) solubilities in DEPentaG at 323 K
estimated using PSRK.

Fig. 7. Flowsheet of the [C6mim][TCM] PS process.
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this simulation are presented in Table 5. The concentration profiles of
the various components in the column are illustrated in Fig. 10.

2.7. Pressure–temperature-swing: leaning the solvent at 0.92MPa
(PTS-high)

Fig. 11 shows the flowsheet of the pressure–temperature-swing
absorption (PTS-high) process. In this scenario, the solvent is leaned by
heat supply and by reducing the pressure to 0.92MPa. This pressure is
selected to minimize the number of compressors needed to deliver CO2

at 10MPa. Two compressors are now required to increase the pressure
of the enriched CO2 stream to 10MPa. Due to the high temperature,
535 K, at the low pressure flash vessel (LP-FL) the VLE data are extra-
polated outside the range of measured values, which could influence
the accuracy of the simulation results.

The gas mixture is fed to the column at tray 15 where it is contacted
with the sorbent. The solute rich stream is sent via a feed-effluent heat
exchanger (heated to 310 K) to the high pressure flash vessel (HP-FL)
operating at 1.47MPa. The gas phase is recycled to the bottom column
(tray 18) after being compressed and cooled using CW. The solute rich
solvent leaving the high pressure flash vessel is further heated by two
heat exchangers. The first one is a feed-effluent heat exchanger. The
low pressure flash vessel (LP-FL) operates at 0.92MPa and 536 K. A

pump is utilized to restore the pressure of the regenerated solvent at
2.8 MPa. Subsequently, the regenerated solvent is cooled to 293 K by
exchanging its heat with the solute-rich solvent stream heading to the
flash vessels and using CW in the last heat exchanger before reentering
the absorption column. The enriched CO2 stream is compressed in two
steps to 10MPa and cooled to 298 K using CW. The results of this si-
mulation can be found in Table 6. The concentration profiles of the
various components in the column are illustrated in Fig. 12.

2.8. Pressure–temperature-swing absorption: leaning solvent at 0.28MPa
(PTS-low)

Fig. 13 shows the flowsheet of the PTS-low process. In this scenario,
the solvent is leaned by supplying heat and decreasing pressure to a
minimum of 0.28MPa. At this pressure three compressors with a
compression ratio of 3.3 are needed to increase the pressure of the
enriched CO2 stream to 10MPa.

As mentioned above, this pressure is also selected to minimize the
number of compressors while getting an insight in the effect of re-
generation at a lower pressure. The gas mixture is fed to the column at
tray 16 where it is contacted with the sorbent. The solute rich stream is
sent via a heat exchanger to the high pressure flash vessel (HP-FL),
where it is flashed at 310 K and 1.38MPa. The gas phase is recycled to
the bottom tray (i.e. tray 18) of the column after being compressed and
cooled by CW. The solute-rich solvent leaving the high pressure flash
vessel is heated by two heat exchangers to 423 K. Low pressure steam is
used as heating medium in the second heat exchanger. In the low
pressure flash vessel (LP-FL) the solvent is leaned at 0.28MPa. Pressure
of the regenerated solvent is re-established at 2.8 MPa using a pump.
Subsequently, the regenerated solvent is cooled to 293 K by exchanging
its heat with the solute rich solvent stream heading to the flash vessels
and using CW in the last heat exchanger (Sol-HX3) before re-entering
the absorption column. The enriched CO2 stream is compressed in three
steps to 10MPa and cooled to 298 K using CW. The results of this si-
mulation are given in Table 7 and the concentration profiles of the
different components in the absorption column are presented in Fig. 14.

2.9. Pressure–temperature-swing absorption: leaning at
0.92 and 0.28MPa (PTS-both)

This process configuration is a combination of the previous two.
Fig. 15 shows the flowsheet of the PTS-both process. In this scenario,
the solvent is leaned by supplying heat as well as reducing the pressure

Table 4
Operation conditions and equipment required for the [C6mim][TCM] PS process.

T P φm Equipment Q Qintegration W Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas mix, 15 293.15 2.80 0.42 HP-Flash 1950.6 1950.6
Recycled gas, 18 293.15 2.80 3.25 ATM-Flash 0 0
Solvent, 1 293.15 2.80 23.48 Re-Gas-HX −2332.0 −2332.0
Absorber top 300.05 2.80 0.13 Sol-HX −1794.5 −1794.5
Absorber bottom 303.45 2.80 27.02 CO2-HX1 −85.0 −85.0

HP-Flash CO2-HX2 −113.1 −113.1

Top 303.45 0.41 3.25 CO2-HX3 −125.1 −125.1
Bottom 303.45 0.41 23.77 CO2-HX4 −315.3 −315.3

ATM-Flash Sol-Pump 254.9 254.9

Top 302.75 0.10 0.29 Re-Gas-COM 1960.9 1960.9
Bottom 302.75 0.10 23.48 CO2-COM1 101.9 101.9

Enriched CO2 CO2-COM2 107.4 107.4

298.15 10.0 0.29 CO2-COM3 103.8 103.8
CO2-COM4 77.4 77.4

Fig. 8. Concentration and temperature (solid line) profiles in the absorber of
the [C6mim][TCM] PS process.
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in two steps. In the first step the pressure is decreased to 0.92MPa and
in the second step to 0.28MPa.

This layout is expected to reduce the recompression costs, since a

portion of the enriched CO2 is kept at a higher pressure after the first
flash. The gas mixture is fed to the column at tray 17 where it is con-
tacted with the sorbent. The solute rich stream is sent via a feed-effluent

Fig. 9. Flowsheet of the [C6mim][TCM] TS process. The red arrows indicate the heat that is transferred via feed-effluent heat exchangers. (For interpretation of the
references to colour in this figure legend, the reader is referred to the web version of this article.)

Table 5
Operation conditions and equipment required for the [C6mim][TCM] TS process.

T P φm Equipment q qintegration w Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas mix, 15 293.15 2.80 0.42 ABS-HX1 3111.8 3111.8 0
Recycled gas, 18 293.15 2.80 0.30 ABS-HX2 276.5 276.5
Solvent, 1 293.15 2.80 8.52 LT-Flash 0 0
Absorber top 293.45 2.80 0.13 LT-HX1 20588.5 20588.5 0
Absorber bottom 301.90 2.80 9.11 LT-HX2 944.1 944.1

Re-Gas-HX −66.6 −66.6
LT-Flash HT-Flash −20.7 −20.7

Top 352.35 2.80 0.30 Sol-HX1 −20588.5 −20588.5 0
Bottom 352.35 2.80 8.81 Sol-HX2 −3111.8 −3111.8 0

HT-Flash Sol-HX3 −790.2 −790.2

Top 608.75 2.80 0.29 CO2-HX1 −323.6 −323.6
Bottom 608.75 2.80 8.52 CO2-HX2 −226.6 −226.6

Enriched CO2 RE-Gas-COM 0

298.1 10.0 0.29 Sol-Pump 0
CO2-COM 98.4 98.4

L.F. Zubeir et al. Separation and Purification Technology 204 (2018) 314–327

320



heat exchanger to the high pressure flash vessel (HP-FL) operating at
1.18MPa and 311 K. The gas phase is recycled to the bottom tray of the
column after being compressed and cooled using CW. The solute rich
solvent leaving the high pressure flash vessel is heated via a feed-ef-
fluent heat exchanger and sent to the intermediate pressure flash vessel
(INT-FL) where the solvent is leaned at 416 K and 0.92MPa.
Afterwards, the solvent stream leaving the INT-FL is heated in a heat
exchanger using low pressure steam and sent to the low pressure flash
(LP-FL) operating at 423 K and 0.28MPa. The enriched CO2 stream
from the LP-FL is compressed to 0.92MPa and combined with the top
stream from the INT-FL vessel. The regenerated solvent stream leaving

the LP-FL is sent to a pump prior to cooling by exchanging its heat with
the solute-rich solvent stream heading to the flash vessels and using CW
in the last heat exchanger before re-entering the absorption column.
The enriched CO2 stream is compressed in two steps to 10MPa and
cooled to 298 K using CW. The results of this simulation are presented
Table 8 and the concentration profiles of the various components in the
absorption column are shown in Fig. 16.

3. Results and discussion

3.1. Energy requirement

The energy requirements of the five leaning scenarios, PS, TS, PTS
using a flash at 0.92MPa (PTS-high), PTS using a flash at 0.28MPa
(PTS-low) and PTS using two flashes at respectively 0.92 and 0.28MPa
(PTS-both) have been determined using Aspen Plus and their individual
results are presented in the respective paragraphs. An overview of the
equipment needed for the leaning scenarios is presented in Table 9. In
the case of Selexol the absorber contains 7 trays and when [C6mim]
[TCM] is applied as solvent the absorber contains 18 trays.

The differences between the energy requirement of the leaning
scenarios for the CO2 removal process using [C6mim][TCM] as a sor-
bent are presented graphically in Fig. 17. The Selexol PS process is
included for comparison. Furthermore, it must be noted that in the case
of TS and PTS-high, the process temperature was higher than the
maximum temperature of the experimental VLE data available.

Furthermore, the solvent flow rates of the various process schemes
are included in Fig. 17. The high solvent circulation flow rate in the
[C6mim][TCM] PS absorption process is due to the rather low pressure
(0.41MPa) in the high pressure flash vessel, which leads to a large gas
recirculation flow rate and due to the low temperature in the flash

Fig. 10. Concentration and temperature (solid line) profiles in the absorber of
the [C6mim][TCM] TS process.

Fig. 11. Flowsheet of the [C6mim][TCM] PTS-high process. The red arrows indicate the transfer of heat through feed-effluent heat exchangers. (For interpretation of
the references to colour in this figure legend, the reader isreferred to the web version of this article.)
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vessel operating at near atmospheric conditions (increasing this tem-
perature would decrease the solvent flow rate). Including heat in-
tegration (results are not shown here) reduces the thermal duty of the
PS process significantly (∼ 60%). As expected the shaft work needed
for compression of the enriched CO2 stream to 10MPa decreases when
the solvent is leaned at a higher pressure. TS requires the lowest me-
chanical duty since the pressure is kept constant throughout the pro-
cess. However, with increasing temperature, the heat duty increases.
Nevertheless, appropriate heat integration reduces the thermal duty
required. Assuming that heat duty is in general cheaper (∼ 2 to 2.5
times) than mechanical work, this opens perspectives for solvent
leaning scenarios involving temperature swing. When organic solvents
are involved, the operating temperature is limited by the thermal sta-
bility of the compounds used. The studied [TCM]−-based ILs are con-
sidered as moderately stable ILs [14] and can handle relatively high
temperatures [14]. Considering the energy consumption, both thermal
and mechanical, and the solvent flow rate PTS-high can be considered
the most feasible option of the different process layouts studied.
Nevertheless, additional work is required on dimensioning the equip-
ment required and the operational costs including purchasing the sol-
vent. Preliminary results of an economic evaluation are given in the
next section.

3.2. Equipment sizing

The equipment sizing was performed according to the procedures
given in literature [26–28]. For an adequate sizing all physical attri-
butes that allow a distinctive costing of a certain unit needs to be cal-
culated. Important factors that play a role for determining size and
capacity of an equipment are among others height and diameter, wall
thickness, construction material, pressure rating and surface area. For
the equipment required for carbon capture as listed in Tables 3–8, for
the various process schemes investigated, each piece has its own size
characteristic expressed in specific units. Heuristic approaches are used
to estimate the size parameters.

The absorber is a pressure vessel (shell/kg) containing a certain
number of sieve trays (diameter/m) with specified tray spacing (m).
Sieve trays are chosen because they withstand the high operating
pressure (in this work 2.8 MPa), are relatively cheap, have a low
pressure drop and have a sufficient contact surface area. The height of
the column is determined using Eq. (1):

= +H N TS· 2t (1)

where H is the height (m), Nt is the number of trays and TS is tray
spacing (0.6 m). The tray efficiency is assumed to be 80%, which is
common for absorption using physical solvents [29]. The absorber wall
requires a minimum thickness to withstand the internal pressure. As-
suming the absorber consists of a cylindrical shell of diameter D de-
signed to resist an internal pressure Pi (10% higher than the working
pressure) the wall thickness δ can be estimated according to the fol-
lowing expression:

=

−

δ P D
σ P

·
2

i

d (2)

where σd is the design stress, which can be estimated by dividing the
tensile strength of the construction material by a safety factor between
2,5 and 4 [26]. To be on the safe side, the largest value is taken in the
calculations of the wall thickness. For weight (W) calculations, the shell
and two heads should be considered as well as some supplementary
fittings (e.g. the skirt, base rings, saddles and possible tray supports).
For a cylindrical vessel with domed ends Eq. (3) can be used for a rough
estimation [26]:

= +W C πD ρ H D δ( 0.8· )w m m c m (3)

Cw is a factor accounting for the presence of auxiliary fittings (1.15

Table 6
Operation conditions and equipment required for the [C6mim][TCM] PTS-high process.

T P φm Equipment q qintegrated w Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas mix, 15 293.15 2.80 0.42 HP-Flash 173.7 173.7
Recycled gas, 18 293.15 2.80 0.24 Re-Gas-HX −67.7 −67.7
Solvent, 1 293.15 2.80 8.49 ABS-HX 503.0 503.0 0
Top 293.45 2.80 0.13 HP-HX1 16291.6 16291.6 0
Bottom 301.10 2.80 9.02 HP-HX2 796.9 796.9

HP-Flash LP-Flash −16.1 −16.1

Top 309.50 1.47 0.24 Sol-HX1 −16291.6 −16291.6 0
Bottom 309.50 1.47 8.78 Sol-HX2 −503.0 −503.0 0

LP-Flash Sol-HX3 −733.1 −733.1

Top 534.80 0.92 0.29 CO2-HX1 −219.1 −219.1
Bottom 534.80 0.92 8.49 CO2-HX2 −122.2 −122.2

Enriched CO2 CO2-HX3 −231.3 −231.3

298.10 10.0 0.42 Re-Gas-COM 42.8 42.8
Sol-Pump 68.3 68.3
CO2-COM1 104.7 104.7
CO2-COM2 94.5 94.5

Fig. 12. Concentration and temperature (solid line) profiles in the absorber of
the [C6mim][TCM] PTS-high process.
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for columns), internals and supports, Dm is the mean vessel diameter (D
+ δ), Hc is the height of the cylindrical part and ρm is the density of the
material.

Volumes (V) of the flash vessels have been sized based on the liquid
holdup, a residence time (τ) of 5 min and an equal vapor volume:

=V φ τ2· ·L (4)

where φL is the liquid volume flow rate (m3·min−1).
U-tube shell and tube counter-current heat exchangers have been

selected due to their application versatility among which high-pressure
applications. The heat exchange area is determined from the energy
balance:

=A Q
U T·Δ lm (5)

where A is the surface area (m2), Q is the heat duty (W), U is the
heat transfer coefficient (W·m−2·K−1) and ΔTlm is the logarithmic mean

temperature difference. Depending on the media used and the phases of
the streams (e.g. L-L, G-G or G-L) different values for the heat transfer
coefficient have been applied.

Isentropic and adiabatic centrifugal compressors are chosen because
of the size characteristics (power/kW) of the simulated compressors in
addition to the high capacity and low compression ratio of this type of
compressors. Intercooling is applied to minimize the work. Single stage
centrifugal pumps operating under isothermal conditions have been
selected based on the flow rate (L·s−1).

Tables S1-S6 present the data of the required equipment, sizing
expressed in the characteristic units of each equipment and the capital
and the annual utility costs.

3.3. Economic evaluation

Preliminary costs estimates of the equipment are calculated based

Fig. 13. Flowsheet of the [C6mim][TCM] PTS-low process. The red arrows indicate the transfer of heat through feed-effluent heat exchangers. (For interpretation of
the references to colour in this figure legend, the reader isreferred to the web version of this article.)

Table 7
Operation conditions and equipment required for the [C6mim][TCM] PTS-low process.

T P φm Equipment Q Qintegration W Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas mix, 16 293.10 2.80 0.42 HP-Flash 205.8 205.8
Recycled gas, 18 293.10 2.80 0.28 Re-Gas-HX −86.5 -86.5
Solvent, 1 293.10 2.80 9.33 Abs-HX1 594.6 594.6 0
Absorber top 293.45 2.80 0.13 HP-HX1 7942.7 7942.7 0
Absorber bottom 300.80 2.80 9.90 HP-HX2 621.3 621.3

HP-Flash LP-Flash 49.3 49.3

Top 310.10 1.38 0.28 Sol-HX1 −7942.7 −7942.7 0
Bottom 310.10 1.38 9.62 Sol-HX2 −594.4 −594.4 0

LP-Flash Sol-HX3 −793.7 −793.7

Top 423.15 0.28 0.29 CO2-HX1 −241.6 −241.6
Bottom 423.15 0.28 9.33 CO2-HX2 −121.4 −121.4

Enriched CO2 CO2-HX3 −229.2 −229.2

298.10 10.0 0.29 Re-Gas-COM 56.0 56.0
Sol-Pump 94.7 94.7
CO2-COM1 139.5 139.5
CO2-COM2 104.0 104.0
CO2-COM3 93.5 93.5

L.F. Zubeir et al. Separation and Purification Technology 204 (2018) 314–327

323



on well-established cost correlations in the literature (see Tables S1-S6)
[26]. Specific energy requirements (per ton CO2 captured) and oper-
ating costs (steam, cooling water and electricity) are based on typical
relations used to evaluate the expenditures. For instance, for the esti-
mation of the equipment given in Table 9 usually correlations of the
type given in Eq. (6) are applied [26]:

= +C α β S·e
n (6)

Ce is the purchased equipment cost, α and β are constants, S is the
size characteristics expressed in specific units and n is the exponent for
a certain type of equipment.

The utility costs have been calculated using the estimates given in
Ref. [26] and are presented in Table 10. Steam is the most employed
utility in chemical process industries. Two types of steam have been
used; high pressure (4 MPa) and low pressure (0.5 MPa) steam. An es-
timation of the minimum cost of steam generation (high- and low
pressure) has been obtained using the following relation [26]:

= +C P H η C· /s e s BFW (7)

where Cs is the cost per unit amount of steam, Pe is the cost per unit
of energy, Hs is the energy needed to generate the unit amount of steam,
η is the efficiency of converting energy in steam (estimated at 0.8) and
CBFW is the cost of boiling feed water for make-up and treatment. Hs

includes the energy for BFW pre-heating and the heat of vaporization
for saturated steam, as well as heat for super-heating and reheat in the
case of steam for combined heat and power generation. The estimation
of the electricity price is based on rates charged for industrial purposes
and the cooling water expenses are derived from using an on-site
cooling tower.

In general, the equipment of the Selexol process is evaluated based
on carbon steel (CS) as construction material. Carbon steel is the
cheapest and mostly used engineering material. It is suitable for hy-
drocarbons and organic solvents, except for chlorinated solvents. For
tricyanomethanide ILs it is recommended [30] to use standard steel
304, which has a higher resistance to corrosion and is more expensive
than CS.

The results of the capital cost and the operational costs per annum
(e.g. steam, cooling water and work) based on 10 years of operation are
summarized in Table 11 and shown in Fig. 18. The most appreciated
options are positioned near the left bottom corner. As it can be seen,
most of the process configurations of the [C6mim][TCM] processes are
close to that of the Selexol process except for the pressure swing. This
has to do with the high costs associated with compression. The TS
process has the lowest capital costs and is therefore economically the
most viable option. In addition, the TS process is technically feasible.
Nevertheless, due to the high temperature in the high temperature flash
vessel (609 K), which could result in the degradation of the IL over
time, this option has been discarded. PTS-high has, compared to the
remaining process layouts and the Selexol PS process, the lowest capital
investment costs and similar operational costs. Based on these findings,
the energy requirement and the solvent circulation rate we can con-
clude that PTS-high has the highest potential to be further investigated
and therefore deserves to pay attention to. To reduce the capital and the
operational costs, multistage compressors will be applied in a follow up
study. Multistage compressors were not applied so far, since this was

Fig. 14. Concentration and temperature (solid line) profiles in the absorber of
the [C6mim][TCM] PTS-low process.

Fig. 15. Flowsheet of the [C6mim][TCM] PTS-both process using two flash vessels to lean the solvent; one at 0.92MPa and one at 0.28MPa. The red arrows indicate
the transfer of heat through feed-effluent heat exchangers. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version
of this article.)
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also not the case in the Selexol study that formed the benchmark.

3.4. Pros and cons of using [C6mim][TCM] as solvent for CO2 capture

It must be stated that for any physical-solvents to be economically
feasible they must have: (i) low vapor pressures in order to prevent
evaporative losses, (ii) high selectivity for acid gases compared to CH4,

Table 8
Operation conditions and equipment required for the [C6mim][TCM] PTS-both process.

T P φm Equipment q qintegration w Net duty
K MPa kg·s−1 MJ·h−1 MJ·h−1 MJ·h−1 MJ·h−1

Absorber Absorber 0 0

Gas mix, 17 293.15 2.8 0.42 HP-Flash 283.4 283.4
Recycled gas, 18 293.15 2.8 0.38 Re-Gas-HX −138.5 −138.5
Solvent, 1 293.15 2.8 11.39 Abs-HX 819.2 819.2 0
Top 293.45 2.8 0.13 HP-HX 9617.8 9617.8 0
Bottom 300.50 2.8 12.05 INT-Flash 19.5 19.5

HP-Flash INT-HX 681.7 681.7

Top 310.90 1.18 0.38 LP-Flash 25.9 25.9
Bottom 310.90 1.18 11.67 Sol-HX1 −9617.8 −9617.8 0

INT-Flash Sol-HX2 −819.2 −819.2 0

Top 416.30 0.92 0.28 Sol-HX3 −943.9 −943.9
Bottom 416.30 0.92 11.40 CO2-HX1 −107.8 −107.8

LP-Flash CO2-HX2 −119.2 −119.2

Top 423.10 0.28 0.01 CO2-HX3 −214.7 −214.7
Bottom 423.10 0.28 11.39 Re-Gas-COM 94.2 94.2

Enriched CO2 Sol-Pump 115.5 115.5

298.10 10 0.29 CO2-COM1 5.9 5.9
CO2-COM2 100.5 100.5
CO2-COM3 89.6 89.6

Fig. 16. Concentration and temperature (solid line) profiles in the absorber of
the [C6mim][TCM] PTS-both process.

Table 9
The equipment needed for each absorption scenario.

Equipment Selexol [C6mim][TCM]

PS PS TS PTS-high
0.92MPa

PTS-low
0.28MPa

PTS-both
0.92 and
0.28MPa

Absorber 1 1 1 1 1 1
Flash vessels 4 2 2 2 2 3
Pump 1 1 0 1 1 1
Compressors/

(stages)
3×(1
(1)) and
1 (3)

1 (1)
and
1(4)

1 (1) 1 (1) and
1 (2)

1 (1) and
1 (3)

1 (1) and 1
(3)

Heat
exchangers

7 6 8 8 8 8

Fig. 17. Mechanical duty (red column) and heat duty (black column) per ton
CO2 captured and solvent flow rate needed for the separation of the different
scenarios using [C6mim][TCM] as physical solvent. Selexol is included for the
comparison. (For interpretation of the references to colour in this figure legend,
the reader is referred to the web version of this article.)

Table 10
Cost of utilities.

Utility T/K P/MPa Cs Unit

Natural gas 7.84 $·GJ−1

Cooling water 288.15 0.027 $·m−3

Electricity 0.047 $·(kWh)−1

Boiler feed water 378.15 0.90 $·m−3

Low pressure steam 433.15 0.5 23.7 $·tonne−1

High pressure steam 623.15 4.0 26.9 $·tonne−1
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H2 and CO, (iii) low viscosity, (iv) high thermal stability, (v) non-cor-
rosive behavior to construction metals, (vi) low ecotoxicity and weak
interaction between the solvent and the solute molecules. [C6mim]
[TCM] fulfills all the aforementioned characteristics to a satisfying
degree. In our previous work on corrosion properties and ecotoxicity of
amine solutions involving [Cnmim][TCM]-based ILs, it is shown that
these ILs show a reduced corrosiveness of the metals and exhibit a far
less toxicity compared to the amines [30]. Moreover, due to the high
thermal stability of [TCM]−-based, which is much higher than that of
the conventional physical solvent Selexol, regeneration of the solvent
does not necessarily take place by reducing the pressure. Instead, T-
swing could also be a viable option without losing the solvent by means
of evaporation or decomposition. Selexol decomposes at 312 K [31]. In
our previous study we have investigated the thermal behavior of
[C4mim][TCM] under nitrogen atmosphere at different temperatures
for a long period of time (18 h) [14]. The weight loss at 473 K was less
than 2wt% after 18 h. In an unpublished work we have examined long
run thermal behavior of the [Cnmim][TCM] (n=2,4,6 and 6) IL series.
Running [C6mim][TCM] at 423 K and 473 K for 12 h lead to a weight
loss of 0.18% and 0.76%, respectively. Due to the absence of oxygen in
the crude synthetic natural gas (SNG), the results of the thermal be-
havior are believed to be representative for the process conditions of
this study.

Moreover, thermophysical properties of the solvent have usually a
significant impact on the process layout and the operating conditions.
Generally, the high viscosity of the ILs is one of the main issues, next to
high price, prohibiting the introduction of ILs into the CO2 capture
field. The [TCM]-based ILs possess the lowest viscosity of all the in-
vestigated ILs in open literature. A highly viscous solvent hinders the
diffusivity of the solute molecules into the solvent and thus reduces the
mass transfer. Consequently, a higher liquid hold-up is required to

achieve the separation specifications. This is why the [C6mim][TCM]-
based processes have more stages. Moreover, the higher the viscosity of
the solvent the higher the pump power, which is related with a higher
friction factor and pressure drop [32]. In this study, the increase in
pump power is only obvious when comparing the [C6mim][TCM]
process to the bench Selexol process. For all the other scenarios, the
costs of electrical requirements for the pump are comparable or even
lower than the bench case. Moreover, the effect of viscosity on heat
exchangers is related to the hydrodynamics as well. At lower viscosities
flow becomes turbulent resulting in a lower resistance against heat
transfer in the heat exchanger tubes.

However, we have shown in a previous study that mixing [TCM]−-
based ILs with water reduces the viscosity even more while the CO2

solubility is enhanced [12]. The solubility measurements of the water-
IL mixtures were carried out using a unit where the gas phase compo-
sition could be controlled as well. Unfortunately, the solubility data
were limited by the allowed pressure range, P≤ 1 bar, otherwise we
could have included the effect of water in the current study.

Generally, a higher density has a positive effect on the costs.
However, since Selexol, DEPentaG and [C6mim][TCM] have similar
densities, the effect on the process economics is insignificant.

The unit operation usually applied to carry out the absorption
process can be: (i) a packed-bed, operating in a countercurrent mode
where either random or structured packing are employed, (ii) a bubble
column reactor, where the gas is inserted through the liquid-phase via a
gas distributor located at the bottom of the reactor, (iii) an agitated
reactor equipped with a motor to provide proper mixing of the gas
bubbles throughout the liquid-phase or (iv) a simple tray column as we
have chosen in this study. A bubble and agitated columns would most
probably not be implemented at the current costs of the ILs and the
relatively higher viscosities. A falling liquid film and a trayed column
are more appropriate. The reason for selecting sieve trays is given in
section 3.2.

4. Conclusions

The low viscosity, the high thermal stability, the negligible vapor
pressure, the good solvation properties and the low heat of solution of
[TCM]−-based ILs make them promising candidates for CO2 capture.
Furthermore, mixing [TCM]−-based ILs with water enhances the ab-
sorption capacity, reduces the viscosity and hence improves absorption
rate as compared to the dry IL.

The process simulations carried out in this work to investigate the
best process layout for a carbon capture process utilizing [C6mim]
[TCM] as physical solvent demonstrated that a solvent regeneration
step based on a combination of pressure- and temperature swing is
energetically and economically the most viable option. Despite the fact
that [C6mim][TCM] shows a slightly lower CO2 solubility, it has a
higher selectivity towards CO2 in a CO2/CH4 gas mixture than Selexol.
This work clearly demonstrates that a combination of pressure- and
temperature swing (PTS-high) is the most viable option, being even
better, despite the higher construction material costs, than the bench-
mark Selexol process. In the PTS-high process, pressure of the CO2-rich
stream is decreased to only 0.92MPa and accordingly compression
expenditures are reduced.

The capital costs and the annual operational costs of this process for
a 95mol% CO2 capture are 3424 k$ and 508 k$·y−1 (0.085 $·kg−1 CO2

captured), respectively. Moreover, the processes simulated are com-
monly used in the industry and will not be a struggle to implement for
the CO2 capture. Nonetheless, owing to the huge amounts of CO2 to be
captured, the scale up to larger flue streams may be a challenge facing
process designers.
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Table 11
Capital and operational costs of the investigated process layouts and the total
annual costs.

Capital costs Operational costs Total annual costs
k$ k$·y−1 k$

Selexol 4660 157 623
PS 5023 499 1002
TS 2308 168 398
PTS-high 3424 166 508
PTS-low 3823 161 543
PTS-both 3933 175 568

Fig. 18. Capital and operational costs of the Selexol process and the [C6mim]
[TCM] processes.
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