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A B S T R A C T

Membrane reactors, combining production and separation of pure hydrogen in one vessel, outperform con-
ventional fuel processors for small-scale hydrogen production. Among different membrane reactor concepts, the
fluidized bed membrane reactor shows advantages in terms of optimal gas-catalyst contact, heat management
and reduced bed-to-membrane mass transfer limitations; the drawbacks are the limits of the fluidization regimes
which set minimum and maximum feed flowrates. In this work, a comprehensive model of a fluidized bed
membrane reactor is developed. The reactor produces hydrogen (around 3 Nm3/h) for the 5 kWel-class PEMFC-
based m-CHP systems using natural gas or bio-ethanol as feedstocks. Two different permeate options have been
analyzed, namely vacuum and sweep gas configurations, together with detailed fluid-dynamics at the feed side.
For the vacuum case the hydrogen output simulated with an ideal approach, i.e. without bubble-emulsion phase
distinction, kinetic and mass transfer limitations, is overestimated by 10% with respect to the full detailed
model. In the sweep gas configuration the detailed models haves the hydrogen produced by the ideal model. The
gas diffusion through the thick porous support of the membranes is the most limiting phenomena, and the
reactor size and operation conditions must be selected carefully considering this to reach the desired output.

1. Introduction

Membrane reactors can increase the hydrogen production efficiency
at small-medium scale thanks to their scalability. Examples of mem-
brane reactor applications are the Tokyo Gas hydrogen production unit
[1] as well as the prototypes developed within recent EU projects like
Ferret [2], Fluidcell [3] and Bionico [4]. Natural gas is the most
common feedstock adopted in membrane reactors [5–9], but other fuels
such as ethanol or LPG [10–14] are also investigated. The membrane is
typically made of Palladium or a Palladium alloys, because they guar-
antee the best compromise between permeance, selectivity and che-
mical stability [15]. The reaction occurs in a catalyst bed which can be
either fixed or fluidized depending on the gas velocity. Fluidized bed
operation is preferred because in fixed beds the hydrogen extraction
along the membrane brings about heat management problems [16,17]
and reduces the hydrogen diffusion in the radial direction of the bed.

At low superficial velocity (u0), the gas passes through the bed as
through a porous media (fixed bed), with pressure drops increasing
with the velocity. Increasing the gas velocity above a certain value,

known as the minimum fluidization velocity (umf), the bed reaches the
minimum fluidization regime and expands in height. At higher gas
velocities, the bed is characterized by large instabilities, with bubbles
and vigorous mixing of the solids, called bubbling regime. The type of
regime which occurs in the reactor is very important because the
membrane reactor performance strongly depends on the hydrogen
concentration along the membrane length as well as at the membrane-
bed interface. Therefore, a detailed model of the bed fluidization is
necessary to correctly design the membrane reactor.

The fluidization regime is usually characterized by the ratio of the
superficial velocity by the minimum fluidization velocity (u0/umf).
Typically, in the range u0/umf < 10 the bubbling regime prevails, and
to avoid or limit solids entrainment it is necessary to compute the free
terminal velocity of the particles (ut, above which the lift force of the
gas prevails on the gravity force) and limit ut/umf < 100 for small
particles, or ut/umf<10 for larger particles [18].

Models of fluidized bed membrane reactors are present in literature,
with different levels of detail. The simplest model of a membrane re-
actor, e.g. simulated in Aspen Plus using the standard components of
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this software, is based on a sequence of reactors at chemical equilibrium
and separators to emulate the effects of the membranes, but totally
neglecting the gas distribution between emulsion and bubble phases. It
has been used for preliminary analysis of more complex systems, like m-
CHP units based on membrane reactor and PEM fuel cells [7,14,19,20]
with natural gas or bio-ethanol feedstock, vacuum or sweep gas on the
permeate side. A comparison of such simple models with a more de-
tailed one accounting for bubble and emulsion phases and reaction
kinetics, has revealed that, for a given hydrogen output, the simple
models underestimate the membrane area by 20–30% when using
natural gas auto-thermal reforming with vacuum conditions at the
permeate side [8], suggesting the importance of developing more de-
tailed models. Most of the works are based on the so called “simple two-
phase” model, i.e. considering the emulsion phase in minimum fluidi-
zation conditions and the catalyst-free bubble phase through which the
excess gas flows. The most common approach is to create parallel se-
quences of different interconnected reactors for the emulsion phase and
the bubble phase: a series of continuous stirred tank reactors (CSTRs)
for the emulsion phase and plug flow reactors (PFRs) for the bubble
phase [8,21–24]. In fact, while the bubbles flow approximately straight
upward along the reactor, the vigorous solid mixing in the emulsion
(e.g. due to macro-scale solids circulation and transport of species ad-
sorbed in the solid pores) enhances the gas back-mixing and moves
away from the ideal plug flow behavior. Among these “sequential
models”, Ref. [21–23] adopt membranes starting from the bottom of
the reactor with sweep gas in co-flow direction with the feed and
highlight the importance of modeling the free-board region also in
bubbling beds; Ref. [8,24] use suspended membranes, which creates a
discontinuity in the evolution of the bubbles rising from the bottom,
and sub-atmospheric pressure without sweep gas on the permeate side.

In the case of high-permeability membranes which remove sig-
nificant amounts of hydrogen from the fluidized bed, local de-fluidized
zones may occur close to the membrane surface, thus increasing the
bed-to-membrane mass transfer resistance and partially erasing the
benefits of the fluidized bed [25].

A comparison between a macro-scale model of the fluidized bed
reactor for chemical looping combustion of methane, without gas se-
paration membranes, developed in Aspen Plus with a sequence of
CSTRs and PFRs, and a micro-scale CFD model is performed by
Porrazzo et al. [26], reporting how most of the units in the Aspen Plus
model must be used to simulate the bottom of the reactor, where the
evolution of the bubble phase is faster (percentage increase of the
average bubble diameter) to obtain a better matching with the CFD
model.

Mahecha-Botero et al. [27] developed models of increasing com-
plexity to simulate fluidized beds with perm-selective membranes
(planar geometry) and to identify the most suitable fluidization regime
for the reactor operation. The regimes are defined, and their properties
weighted, on a stochastic basis. They found that the turbulent regime
outperforms the bubbling regime because the vigorous mixing over-
comes the mass transfer limitation of bubbling beds, while the fast
fluidization regime, despite its similar performance to the turbulent
one, operates at higher velocities, with higher risks of catalyst elutria-
tion and losses and membranes wearing. Also the transition from the
bubbling to the turbulent regime in strongly comparted beds, like those
with immersed membranes, has to be investigated, since the most
common empirical formulations for the transition velocity overestimate
its value compared to CFD simulations [28].

When dealing with fluidized bed membrane reactors the focus is
generally on the hydrodynamics of the bed, while limited attention is
devoted to the permeation process across the membrane: Sieverts’ law,
with a permeability retrieved by permeation tests is applied, in-
dependently from the permeate side configuration (with or without
sweep gas). For supported membranes, either on metallic or ceramic
substrates, the permeation flux must be computed considering the ac-
tual hydrogen pressure at the membrane inner and outer surfaces. At
the inner surface, it is very close to the bulk value in the case without
sweep gas (often at sub-atmospheric pressure), but it can be much
higher when a sweep gas is used, due to the gas diffusion resistance in
the porous support. At the outer surface, the main limitations arise from

Nomenclature

A Area
ATR Auto-thermal reforming
C Molar concentration
c, cp, cv Heat capacity
CSTR Continuous stirred tank reactor
D Diameter
db Diameter (bubble)
Dij Diffusivity
Ea Activation energy
F Molar flow rate
g Gravity acceleration
h Specific enthalpy
HRF Hydrogen recovery factor
J Molar flux
K Mass transfer coefficient
k’0 Permeabilty
k’ Permeance
m Mass
m-CHP Micro-combined heat and power
MR Membrane reactor
MW Molecular weight
P Pressure
PEMFC Polymeric electrolyte membrane fuel cell
PFR Plug flow reactor

r Radius
ṙ Reaction rate
R Universal gas constant
SR Steam reforming
T Temperature
u Velocity
u0 Superficial gas velocity
ubr Bubbles relative velocity
ut Terminal velocity of solid particles
V Volume
WGS Water gas shift
xi Molar fraction
δ Thickness
δb Fraction (bubble)
ε Support porosity; emulsion void fraction
μ Viscosity
τ Tortuosity

Subscripts

b Bubble
e Emulsion
i Chemical species
mf Minimum fluidization
per Permeate
ret Retentate
s Solid particles
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the so called concentration polarization losses, i.e. local hydrogen
partial pressure lower than the bulk value, due to slow gas diffusion (or
ineffective mixing in the case of fluidized beds).

Caravella et al. [29] describe the diffusion process across a 1 μm
membrane deposited on a 1.5 mm multilayer porous support (five
layers with pore diameters from 5 nm to 50 μm): gas diffusion in the
porous support can cause up to about 40% of the overall hydrogen
pressure drop from the bulk of the retentate to the permeate side; if the
selective layer thickness increases to 10 μm the contribution of the same
porous support is around 30%. This analysis in the trans-membrane
direction, to be applied to membrane reactor cases needs to be extended
in the axial direction, where the hydrogen fraction significantly changes
along the permeate side. Furthermore, equations are considered for a
planar geometry while in our applications we exploit tubular mem-
branes. A completely different weight (only few percentage points) is
assigned to the support losses by Peters et al. [30], who experimentally
tested hydrogen permeation on a thin Pd-Ag membrane on a metallic
support (316L stainless steel, 0.48 mm thickness, 2 μm pore size) using
helium as sweep gas, while most of the penalty is associated to the
concentration polarization losses (around 80%).

Other aspects to be considered in membrane reactors are (i) the
possible interaction of the catalyst with the membrane, which can in-
hibit the permeation by surface poisoning of the membrane [31]; (ii)
the mechanical resistance of catalyst particles to crumble, which, over
time, would reduce the average particles diameter and shift the bed to a
different fluidization regime; (iii) the resistance of the membrane to
erosion, causing local pinholes of the selective layer and hence de-
creasing the selectivity. These issues can be solved, as demonstrated by
Helmi et al. [32] who successfully operated a fluidized bed membrane
reactor for high-temperature WGS for 900 h without significant losses
of permeability nor selectivity.

In the present work, a flexible model of a fluidized bed membrane
reactor in the bubbling regime is developed in the Aspen Custom
Modeler environment. Key features are flexibility to feedstock (i.e.
natural gas, bio-gas or bio-ethanol), reforming reactions (chemical
equilibrium, different kinetic schemes), detailed hydrodynamics of the
bubble and emulsion phases, different options on the permeate side
(vacuum or sweep gas, including gas diffusion limitations in the porous
support). The options of the model are first set to reproduce the results
of a well-established model [8] used as reference, with natural gas
feeding and vacuum at the permeate side, for the validation of the
hydrodynamics. After that, the model is extended for the case with
sweep gas at the permeate side and the properties of the porous support
are retrieved from experimental data. Finally the model is applied for

the case of ethanol auto-thermal reforming with vacuum and with
sweep gas at the permeate side, which is the application described in
Ref. [14] for a 5 kWel m-CHP system developed within the Fluidcell
project [3]. This model can be imported in Aspen Plus and Aspen Plus
Dynamics, therefore beyond the analysis of many configurations of
membrane reactors, it is a valuable tool for the integration with com-
plex systems, from small- and medium-scale hydrogen production units
to m-CHP systems with PEM fuel cells.

2. Model features

A phenomenological model of membrane reactor is developed in
Aspen Custom Modeler (ACM), which allows the integration of custom
and standard components in Aspen Plus and Aspen Plus Dynamics for
steady-state and dynamic simulations of complex chemical/energy
systems. Advantages of ACM are the fast coding (that allows a quick
switch of the problem from design to simulation conditions by changing
the “state” of the variables of the problem) and the computation of
thermodynamic and transport properties of pure species or mixtures by
calling a large variety of internal sub-routines; main drawback is the
poor control of the user on the solving procedure (e.g. there are no
debug functions).

The bed is divided into three main regions, which lengths can be set
by the user: the first region at the bottom of the reactor is dedicated to
the oxidation and reforming reactions, the middle region is occupied by
the membranes (permeation zones); the last section is a buffer region
that mainly corresponds to the free-board region depending on the in-
itial bed height and expansion. The scheme of the ACM model is de-
picted in Fig. 1.

Correlations for the fluid-dynamic aspects of the bed are sub-
stantially the same as in the model developed by TU/e [8] (hereafter
named Delphi model, from the software used for the coding) used as
reference for the validation of the new model in the bubbling regime
with the “simple two-phase model”. The complete list of mass and en-
ergy balances, and fluid-dynamic equations for the bubbling bed are
listed in Table 1. Mass and energy balances are coded including the
unsteady terms, but all the simulations here reported are performed
only at steady-state.

The interaction between the bubbles and the membranes is still a
topic of research, therefore different schemes have been implemented
to simulate their behavior in the membranes region: (i) bubbles grow
not limited by the membranes (no interaction at all); (ii) bubbles break-
up and are limited to the distance between the membranes (as assumed
in Delphi model); (iii) bubbles do not break and, if at the beginning of

Fig. 1. Scheme of fluidized bed membrane reactor developed in ACM for the cases with and without sweep gas.
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the membranes region are smaller than the membranes distance, grow
limited to this distance, if bigger grow unlimited. The results presented
in this paper are based on assumption (ii), which is described by (Eq.
(9)).

The membranes are made of a tubular ceramic support on the ex-
ternal side of which a thin Pd-Ag alloy layer is applied. Gas diffusion in
the support is modeled by simplified Stefan-Maxwell equations (Eq.
(16)): the pressure gradient is neglected and the effective gas diffusivity
includes both the molecular and the Knudsen diffusion contributions.
The equations applied to a two-species mixture (hydrogen and the
sweep gas) reduce to Fick’s law for non-stationary media and are then
integrated for the specific case of cylindrical geometry.

Hydrogen is assumed to be extracted from both the bubble and the
emulsion phase, weighted on the local phase composition and extension
of the two phases (Eq. (17)). In this work the hydrogen flux reduction

due to the polarization concentration losses is neglected.
Another important parameter is the selectivity of the membranes,

i.e. the capability of producing pure hydrogen without other con-
taminants. The reasons of loss of selectivity can be defects of the thin
Pd-based layer or degradation of the sealing ferrules in the connections
between the membrane tubes. The overall selectivity of the membrane
reactor (Eq. (19)), and hence the impurities concentration in the
permeate stream, can be estimated using the average partial pressure of
each specie along the membrane region and a global permeance k’i (Eq.
(20)).

Three schemes of reactions are implemented and can be chosen by
the user: (i) chemical equilibrium by Gibbs energy minimization of a set
of chemical species (CH4, CO, CO2, H2, H2O) by two reactions (MSR and
WGS); (ii) methane oxidation, reforming and water gas shift with ki-
netic laws from Trimm and Lam [33] and Numaguchi and Kikuchi [34],

Table 1
Equations of the model in AMC.

Description Expressions

Archimede’s number = −Ar d ρ (ρ ρ )s3
gas s gas

g
μgas2

Eq. 1

Minimum fluidization velocity = + −u Ar( (27.2) 0.0408 27.2)mf
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dsρgas
2 Eq. 2
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−ε ε Ar(1 )mf packed
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ε
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Thermal balance = + − − −
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(iii) ethanol oxidative steam reforming with kinetic laws from the
FluidCELL project [35].

Solid particles can be distinguished between the catalyst and the
filler material. The filler is chemically inert, made of the same material
as the support of the catalyst. Only spherical particles with the nominal
diameter are considered.

The model considers a perfectly isothermal bed and the operative
temperature results from the global energy balance between the inlet
and outlet material streams and the heat losses to the ambient (Eq.
(18)). The hypothesis of isotherm is coherent with preliminary tests
running on the prototype of the membrane reactor. Anyway, a future
improvement will focus on the modeling of the upward and downward
motion of the solids for a more accurate thermal balance and prediction
of possible temperature distribution, especially to simulate the start-up
of the reactor.

The performance of the membrane reactor is described by the hy-
drogen recovery factor (HRF), defined as the moles of hydrogen per-
meated over the theoretical recoverable number of hydrogen moles of
the complete reforming of the feed (e.g. 6 per each mole of ethanol, 4
for methane).

3. Comparison of ACM model with Delphi model

The ACM model is compared for the case of methane oxidative
steam reforming with vacuum on permeate side with the Delphi model
from Ref. [8], which relies on years of experiments and validation tests.

The geometry of the reactor, the operation conditions and the feed
streams have been set the same for the two models to obtain the hy-
drogen production targets set in the Fluidcell project (about 3 Nm3/h).
Main results as the evolution of gas velocities, gas distribution in bubble
and emulsion phases, bubbles size, species flow rate, permeated hy-
drogen and retentate flow rate values are compared. Feed stream and
reactor parameters are listed in Table 2. The feed stream consists of
methane, steam and air at the same pressure and temperature of the
reactor; the reactor is adiabatic, isobaric and isothermal. Reactor dia-
meter is 0.2m, with 32 membranes (0.4 m2) submerged in the fluidized
bed at a distance of 0.02m (surface to surface).

For the base-case, the relative error on the amount of permeated
hydrogen is 1.15% which is the most important result; for the single
species in the retentate stream the relative error is below 6%. Very good
agreement is obtained also for the trend of the velocities and bed
properties, as depicted in Fig. 2 for the base case. It is worth to mention
the discontinuity of properties of the bubble phase at the beginning of
the membrane region (at reactor height 0.2 m), where the bubbles
break-up because the membranes obstacle their growth. From a math-
ematical point of view, this effect is due to the change in the reference
diameter (Dx in Eq. (9)) and leads to bubbles break-up even if they are
smaller than the maximum dimension allowed. The small differences
between the ACM and Delphi models are attributed to the difference in
the computation of the transport properties of the gas mixture (visc-
osity, binary and mixture diffusivity), in fact the Delphi model uses
correlations that may differ from those implemented in the Aspen li-
braries.

4. Permeation law and porous support parameters calibration

The membrane support can play a key role in the overall permeation
process when sweep gas is applied. An experimental campaign to in-
vestigate its influence, and then calibrate the developed model, has
been performed on a single-membrane rig. The Pd-Ag layer (4.5 μm)
was deposited onto a ceramic multilayer porous support (ID= 7 mm;
OD=1.028 mm, total membrane area=0.0044m2). The membrane
was first tested with pure hydrogen, pressurized on the feed side, and
with atmospheric pressure on the permeate side at different tempera-
tures (Fig. 3). Then, nitrogen at different flow rates was added as sweep
gas to the permeate side (Fig. 4a). Parameters of the permeation law

(permeability k0, permeance k0′, apparent activation energy Ea), are
retrieved from the experimental data of the first test by a linearization
of the Sieverts’ permeation law (Eqs. (21) and (22)) and compared with
other values from literature related to ceramic supported membranes
(Table 3).
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(22)

These values are then used in the permeation law of the single-
membrane gas separator, to match the experimental data with sweep
gas through the calibration of microscopic properties of the ceramic
support. It is worth to mention that the effect of increasing the sweep
flow rate appears only when the pressure difference between the feed
and the permeate side is small, while its effect becomes lower when
increasing the feed pressure. In fact, in our experiments, at
Pfeed= 2.5 bar and Pperm=1 bar the permeate flow rate is already in-
dependent from the sweep flow rate (Fig. 4a).

Due to the multilayer structure of the support, the values obtained
from the calibration are representative of equivalent properties of the
multilayer structure (porosity, tortuosity and pore size in Table 3). Both
porosity and pore radius obtained are compatible with the manu-
facturer data [39], while there are no data for the tortuosity. Anyway it
must be outlined that from a mathematical point of view the problem is
under-constrained, therefore several combination of these parameters
are possible. The agreement between the predicted and the experi-
mentally determined hydrogen permeate flow rates is good: the de-
viation is below 4% for the case with the lowest sweep flow rate and
feed pressure, and below 2% for the case with the highest sweep flow
rate and feed pressure (Fig. 4b).

Despite the hydrogen permeance has been experimentally de-
termined here (k0′=0.00315mol/(s m2 Pa0.5) at 500 °C), in the simu-
lations of the next sections the same value used in Ref. [14] for the ideal
model is adopted (k0′=0.00273mol/(s m2 Pa0.5) at 500 °C) in order to
obtain a fair comparison.

5. Application of the model to ethanol auto-thermal reforming

After its validation against similar models and experimental results,
the ACMmembrane reactor model is subsequently applied to the case of
low-temperature (500 °C) ethanol auto-thermal reforming. Both the
options with vacuum or with sweep gas on the permeate side are
analyzed and compared with the results of the ideal reactor used in the
preliminary analysis of a m-CHP system in Ref. [14]. Feed stream and

Table 2
Parameters for the membrane reactor model validation: nominal conditions and
range for sensitivity analysis.

Parameter Base case, range Maximum deviation in H2 output

S/C [––] 1.8; 1.8–3 1.5%
u0/umf [––] 4; 3–6 3.4%
T reactor [°C] 600; 500–650 3.2%
P feed [bar] 10; 8–12 2.2%
P permeate [bar] 0.3; 0.2–0.4 1.8%
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reactor conditions are summarized in Table 4. Some upgrades with
respect to the Delphi model are implemented in the ACM model: the
emulsion phase is more expanded than in minimum fluidization con-
ditions, the bed is not isobaric but hydrostatic and friction pressure
drops are included, the reactor is not adiabatic but heat losses to the
environment are considered. The comparison between the ideal model

and the detailed model is performed for different reactor sizes, which
determine different u0/umf ratio and finally the global performance.
The water-ethanol feed stream, the operation conditions (temperature
and pressure) and the geometry of the reactor (vessel diameter, mem-
branes distance and area) are fixed, the air flow rate is set to close the
energy balance, while the conditions of the fluidized bed and the hy-
drogen output are computed. The reactor design considers the spacing
between the membranes: the distance between the surface of two
membranes decreases with the size of the reactor and limits the growth
of the bubbles along the bed. The fluidized bed is assumed to expand
always at the same height of the membranes, therefore with a variable
total amount of catalyst, depending on the emulsion void fraction and
the bubble phase extension. The solid inventory is made by 50-50% of
active catalyst and filler material. The kinetic laws for ethanol auto-
thermal reforming are taken from [35] and consider the following
steps: ethanol oxidation to deplete all the oxygen; complete and im-
mediate decomposition of the rest of ethanol into methane, carbon
monoxide and hydrogen; reforming of methane and water gas shift. The
reforming occurs in the backward direction due to the initial high hy-
drogen fraction caused by ethanol decomposition till the equilibrium
composition is reached in the bottom part of the reactor; finally forward
MSR and WGS occur in the membrane region, as depicted in Fig. 5.

For the case with vacuum at the permeate side, the hydrogen output
of the detailed model is almost 3 Nm3/h compared with 3.2 Nm3/h
predicted by the simple model, with a difference generally below 10%,
depending on reactor diameter (0.12–0.28m), as depicted in Fig. 6. To
reach the desired output, it is necessary to increase the membrane area
by 25%, from 0.290m2 to 0.364m2. The HRF spans in the range
56–65% with 0.29m2 and 59–68% with 0.364m2 respectively, ac-
cording to the large changes in the u0/umf ratio (2.5–20). The O2/EtOH
ratio increases with the hydrogen output, to sustain the reforming re-
actions, and is in good agreement with the value estimated with the
simple model (about 0.4). In the case of small reactor diameter (high
gas velocity) the membranes first brakes the bubbles, then limit their
size, which is always well below the maximum value set by the geo-
metric constrain (Fig. 7a). In the case of large reactor diameter, bubbles
in membrane region are slower (even if bigger), and do not limit the
reactor operation because the fraction of gas that flows through the
bubble phase strongly reduces, e.g. from 95% to 60–70% of the case
with Dreactor = 0.12m and 0.28m respectively (Fig. 7b).

The same analysis is repeated for the case with sweep gas on the
permeate side. In a real micro-CHP system, steam would be adopted as
sweep gas, because it’s more accessible and easy to be separated from
the hydrogen by condensation. Using sweep gas, the energy balances of
the m-CHP system changes and the hydrogen required is 3.16 Nm3/h,
resulting in an ideal membrane area of 0.370m2 when the Sweep/EtOH
molar ratio is 1.6 and 12/1.3 bar as feed/permeate pressures. First, the
comparison between the ideal and the detailed models is performed
neglecting the gas diffusion in the porous support, which corresponds to
using the bulk hydrogen partial pressure to compute the local flux: in
this case the hydrogen output is very close to the ideal case (Fig. 8).
When the diffusion limitations are included according to Eq. (16), the
difference becomes remarkable with a reduction around 55% compared
to the ideal model. Overall results are shown in Fig. 8. The u0/umf ratio
spans from the minimum value close to 1.5, i.e. bed close to smooth
fluidization with the largest diameter, to the maximum of 12 with the
smallest diameter. Due to the great differences in the hydrogen per-
meation also the thermal balance of the reactor changes, in fact the O2/
EtOH ratio in the case with diffusion limitations is lower (below 0.2)
than in the case without limitations, which in its turns is close to the
ideal one (around 0.4).

The hydrogen output does not increase to the desired value neither
by decreasing the pressure of the permeate side from 1.3 to 1.2 bar and
by increasing the membranes surface area by 25% (from 0.37 to
0.46m2), since the gas transfer limitation in the support dominates.

As last part of the work, due to the large differences between the

Fig. 2. Comparison of profiles between ACM (dots) and Delphi (lines) models
along the reactor height. a) species molar flow rate; b)u0/umf; c)bubble velocity
and diameter.

Fig. 3. Hydrogen permeation test without sweep gas (Pperm= 1 bar).
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ideal reactor and the detailed model for the sweep gas case, a sensitivity
analysis is performed on the parameters Sweep/EtOH ratio and support
thickness, assuming the increased membrane area (0.46m2) and the
lower permeate pressure (1.2 bar). Results of the hydrogen partial
pressure profiles along the reactor, in the permeate stream and at the
support-membrane interface and along the reactor are depicted in Fig. 9
and Fig. 10 respectively. The hydrogen permeated increases by in-
creasing the sweep flow rate, but the gain is small when moving to high
flowrates: the hydrogen output increases from 1.73 to 1.82 to
1.94 Nm3/h when the Sweep/EtOH ratio is 1, 1.6 and 3. The maximum
sweep gas flow rate is set by two limits: the heat available at system
level to produce the steam and the pressure drop in the membrane tubes
(which are mainly concentrated in the upcoming internal pipe visible in

Fig. 1 where all the permeate stream flows toward the exit).
The reduction of the thickness of the support leads to a large in-

crease in the hydrogen production that grows from 1.82 to 2.1 and
2.5 Nm3/h when the support thickness is 1.5, 1.0 and 0.5mm. On the
other side it is necessary to point out that the thinner the support the
lower its mechanical resistance, which is the most critical aspect of
handling ceramic supported membranes during the assembly of the
reactor. For these reasons thicker supports are required and the low
hydrogen production capacity must be addressed by changing other
operation parameters.

For the case of sweep gas, in order to increase the hydrogen pro-
duction to the desired value it is not enough just to act on the mem-
brane surface, but also the operation conditions must be changed, e.g.
increasing the feed pressure, the sweep flowrate and decreasing the
permeate pressure. These modifications affect the overall process in
which the membrane reactor is integrated and a complete analysis of

Fig. 4. Hydrogen permeation with sweep gas (N2, Pperm= 1 bar): a) experimental results; b) parity plot of permeated hydrogen flow rate (Nl/min) for model
calibration.

Table 3
Membranes properties.

Parameter This work [36] [37] [38]

Membrane thickness
[μm]

4.5 2.5 4 7

k0 [mol
s−1 m−1 Pa−n]

0.01535 – – –

k0′ [mol
s−1 m−2 Pa−n]

6.65 10−8 13.52 10−8 6.93 10−8 –

k (500 °C) [mol
s−1 m−1 Pa−n]

0.00315 0.00394 0.00366 0.00104

Ea [J mol−1] 10171 16816 9990 11400
n 0.5 0.5 0.5 0.54
support Multilayer ceramic,

1.5 mm thickness,
α-Al2O3

ceramic ceramic ceramic

Porosity (ε) [––] 0.48 – – –
Tortuosity (τ) [––] 3.2 – – –
Pore radius (rp) [nm] 360 – – –

Table 4
Feed stream and reactor conditions for the vacuum and sweep gas cases.

Vacuum case Sweep gas case

Feed stream conditions
EtOH feed 0.046mol s−1 0.046mol s−1

H2O/EtOH 3.6 3.6
Sweep/EtOH – 1.6
Temperature 434 °C 434 °C
Pressure 6 bar 12 bar

Reactor conditions
Temperature 500 °C 500 °C
Pressure (vessel/permeate side) 6/0.3 bar 12/1.1 bar
Membranes area 0.29m2 0.37m2

Fig. 5. Reaction rate profiles of methane steam reforming (MSR) and water gas
shift (WGS).

Fig. 6. Results of the vacuum case for different reactor diameters (empty dots
refer to the case with Amem=0.29m2; full dots to the case with
Amem=0.364m2).
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the system is required, but it is beyond the scope of this work.

6. Conclusions

This work presented a model of a fluidized bed membrane reactor
for small-scale hydrogen production developed in Aspen Custom
Modeler. The model includes reforming reactions (chemical equili-
brium, different kinetic schemes), detailed hydrodynamics of the
bubble and emulsion phases, different options on the permeate side
(vacuum or sweep gas). Previous works outlined the importance of
accounting for detailed hydrodynamic phenomena in the reaction side
to prevent hydrogen flux over-estimation, while in this work also the
effect of gas diffusion in the membrane support has been addressed. The
model was firstly validated against another well-established model for
the vacuum configuration, while experimental results were used for the
sweep gas configuration. The model is then adopted to assess the per-
formance of the membrane reactor fueled with bio-ethanol integrated
into a micro-CHP system with PEM fuel cell.

The difference in the hydrogen output, for a fixed membrane area,
compared to simpler models which do not account for the hydro-
dynamics and transport phenomena within the fluidized bed, ranges
from −10% up to −55% for the cases with vacuum and sweep gas at
the permeate side respectively. In particular for the case with sweep
gas, the penalty is mainly due to the slow gas diffusion in the relatively
thick supports of the membranes, which keeps the hydrogen partial
pressure at the membrane interface much higher than in the bulk of the
permeate, hence inhibiting the desired effect of the sweep gas.
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