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Summary

Riser flows are commonly encountered in industry to carry out gas-solid chemical
processes. The design and scale-up of riser reactors requires accurate models that en-
able precise estimates of the performance of risers. In this thesis, a novel Digital Image
Analysis (DIA) technique has been designed to obtain solids volume fraction data in
a lab-scale pseudo 2D riser. The application of this experimental technique coupled
to Particle Image Velocimetry (PIV), enabled full-field experimental characterization
of riser flows. These data have enabled a thorough validation of Computational Fluid
Dynamics-Discrete Element Model (CFD-DEM) simulations, which have shown to
be a powerful approach to predict the riser hydrodynamics and complex clustering
phenomena.

Circulating fluidized beds consist of a riser, a downcomer, cyclone and a recycling
pipe. In this project, a labscale circulating fluidized bed was designed and built. The
main special feature of this experimental unit is the pseudo-2D geometry of the riser
and some other connecting parts to the cyclone and a cylindrical downcomer that is
used as solids inventory. The pseudo-2D feature of the riser design enables particle
velocity and solids volume fraction measurements by means of visual techniques.

In this project, a DIA technique suited to riser flow conditions was developed.
Previous authors [1, 2] developed DIA techniques that had either to be calibrated with
a known solids mass in the system, or which methodology resulted to be inaccurate
to determine the solids volume fraction when homogeneous illumination conditions
can not be obtained (usually unavoidable when large areas are recorded). By means
of pixel intensity normalization strategy, the removal of image imperfections was
possible without the employment of image filtering techniques or image segmentation
methods that could potentially distort the quality of our measurements. Once the
image quality is ensured, synthetic images with added image artifacts were generated
from CFD-DEM simulations to correlate the image intensity to solids volume fraction
data. This DIA technique proved to be insensitive to inhomogeneous illumination
conditions and enable accurate solids volume fraction measurements of the full field
of a labscale pseudo-2D riser.

Once the DIA technique was developed, it was coupled to Particle Image Ve-
locimetry (PIV) measurements in order to obtain full-field experimental data of riser
flow. Using the combined PIV/DIA method, an in-depth research about cluster defi-
nitions was performed in order to succesfully identify particle cluster structures from
experimental images. This work provides some insight regarding the influence of
the cluster definition and confirmed, as previous authors suggested [3, 4], that cri-
teria based on fluctuations of solids volume fraction are not appropriate to identify
clusters. Once a systematic cluster identification technique was established, exten-
sive cluster characterization was performed. These experimental data are useful to
validate computational models.

CFD-DEM simulations were performed to test its reliability to predict riser hydro-
dynamics and cluster properties. An in-house CFD-DEM code was slightly modified
to enable simulations where a constant solids mass flux could be imposed. Fixed
”boundary” particles were used as well to mimic the curved lateral outlet of our ex-
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perimental pseudo-2D riser. From this work, it became clear that Euler-Lagrange
models can predict riser hydrodynamics and cluster-related properties accurately.

This in-house code was designed originally to simulate bubbling fluidized bed
hydrodynamics and heat transfer. Mass transport equations were added to solve the
species conservation equations while accounting for a catalytic first order irreversible
reaction. Some validation and verification tests were carried out in order to ensure
the reliability of the model implementation. Subsequently, simulations under riser
flow conditions were performed in order to elucidate the impact of clusters over the
performance of a riser reactor. Different mass transfer mechanisms were assessed in
order to quantify the influence of the slip velocity, reaction rate, axial gas dispersion
and gas bypassing on the riser performance. This work also provided some meaningful
insight about the diverse degree of interaction between clusters and the surrounding
bulk gas phase, highlighting the need of resolving cluster structures to accurately
predict the performance of riser reactors.

Finally, ozone decomposition was selected as model reaction to perform chemically
active experiments at different operating conditions. A metal-alumina catalyst was
prepared and characterized. It was shown that clusters have a significant impact on
the local conversion rate.

This work highlights the importance of predicting riser flows, including complex
clustering phenomena that severely impact the performance of a riser reactor. A
significant step has been made towards the suitability of DIA coupled to PIV as
experimental technique to collect relevant hydrodynamic data under riser flow condi-
tions. Its application has enabled the validation of CFD-DEM to predict clustering
phenomena and determine quantitatively the rate limiting mechanism that prevails
under riser flow conditions. Besides, full-field PIV-DIA technique coupled to ozone
concentration measurements provides valuable data to relate cluster formation to local
chemical conversion rates.
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Chapter 1

Introduction

1.1 Riser reactors

Circulating fluidized beds are widely employed in industry to carry out chemical
processes that require short gas residence times and temperature uniformity. Among
the processes that use circulating fluidized beds are fluid catalytic cracking, biomass
and coal gasification, Fischer Tropsch synthesis, granulation and metal coating [5].
Circulating fluidized beds consist of a riser, a downcomer, cyclone and a recycling
pipe. Risers are usually operated at high superficial velocities which enhance a large
solids carryover (fast fluidization regime). In a catalytic process, the downcomer could
not only work as a solids inventory, but also as a catalyst recycling unit to reactivate
the catalyst particles and optimize the riser performance (see Figure 1.1 left). The
solids are fed from the downcomer to the bottom section of a riser and interact with
the gas phase along riser height. The solids mass flux can be regulated by a valve
or a small opening in the recycling pipe. At the top of the riser, gas and particles
co-flow to a separation unit (cyclone). The role of the cyclone is to efficiently sep-
arate the gas phase from the particles, ensuring the total recirculation of the solids
through the system (see Figure 1.1 left). Fast fluidized beds can consist of a dense
bottom section, which solids holdup gradually decreases along the height of a riser.
These systems can present a sigmoidal axial profile of the solids volume fraction at
transition conditions (TR) between turbulent and fast fluidization (FF) regime (see
Figure 1.1 right). This curve can be interpreted as the transition zone that separates
the dense bottom section and the freeboard. Under fast fluidization conditions, the
decay of the solids holdup is more gradual. The dense region may be encountered at
lower sections of the riser, and an acceleration zone section between the dense bottom
section and a dilute freeboard section is more difficult to identify, especially in small
riser systems. Fast fluidized systems can also exhibit a so called “core annulus” flow
pattern, which is characterized by a dilute solids upflow in the core of the reactor, and
a dense downflow close to the walls. Under these conditions, clusters form, especially
close to the riser walls (annulus). When gas superficial velocities are sufficiently high,
all particles are entrained, leading to very dilute systems with more uniform solids
distribution throughout the whole system, where the slip velocity (the difference be-
tween the gas and the particle velocities) can be assumed to be equal to the particle

1



2 1.1. Riser reactors

Figure 1.1: Left:Sketch of a circulating fluidized bed. Right: Flow regimes on risers.

terminal velocity (pneumatic transport-PT) [6, 7, 8, 9, 10].

When the solids are recirculated, exceptionally high solids/gas feeding rates can
be used for high-density circulating fluidized beds operating in the dense suspension
upflow regime. These systems are characterized by a net solids upflow of a dense solid
phase with small solids volume fraction gradients along the riser height. At certain
operating conditions, the solids distribution may change along the riser height, so
dense suspension upflow (DSU) and fast fluidization (FF) regimes can coexist within
the same system [11]. Under these conditions, an increasing solids mass flux will
result in the encroachment of the (DSU) zone into the freeboard region.

As it was previously mentioned, under fast fluidization conditions, particle clusters
may be encountered. It is known that cluster formation mainly depends on the
ratio between gas and solids mass fluxes. Thus, given a system where pneumatic
transport takes place, an increasing solids flow rate will gradually lead to denser
systems, eventually enhancing the formation of particle clusters and reaching fast
fluidization conditions. While under fast fluidization conditions, with constant solids
flux, a rise of the gas superficial velocity will gradually lead to more dilute systems [12].
Clusters will gradually become smaller and eventually disintegrate, thereby attaining
pneumatic transport of particles.
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In the fast fluidization regime, clusters characterize the circulation pattern and
have a high impact not only on the riser hydrodynamics, but also on mass and heat
transport phenomena. Thus, it is relevant to know how clustering phenomena are
affected by standard operating conditions (gas superficial velocity and solids mass
flux). When particles form a cluster, there is a lower particle area exposed to the gas
phase. The exposed surface area of the cluster particles will depend on the internal
solids volume fraction of the cluster. The gas permeance through clusters can be
significantly reduced if these are very dense and consequently could give rise to a
poor gas-solid contact that negatively affects the process efficiency.

Thus, if we aim to accurately predict the riser performance under certain operating
conditions, it is relevant to estimate how many clusters are formed. Ideally, we would
also like to know what is the degree of interaction between each one of these clusters
and the surrounding bulk phase. However, the complexity involved to experimentally
detect all particle clusters formed, in industrial riser units, is extremely high.

1.2 Experimental studies in risers.

The extensive utilization of risers in industrial processes has driven an unceasing
investment to boost their operational productivity. However, their performance has
traditionally been optimized by costly and time-consuming experiments [13]. In ad-
dition, an in-depth knowledge of fast-fluidized bed hydrodynamics is required for an
optimal design and scale-up of riser reactors. As a consequence, several experimental
techniques have been developed over the past decades to study the circulation pat-
terns of fluidized systems [14, 15, 16]. Mostly, intrusive techniques such as optical
probes, endoscopes or hot wires have been widely employed in the past to collect
cross-sectional porosity data.

Concerning detection of particle clusters, many experimental studies have been
performed utilizing optical probes. Soong and Sharma criteria have been widely
employed in literature to discriminate particle clusters from the bulk phase. However,
contradictory patterns have been reported. Cluster size has been reported to increase
[17, 18], decrease [6, 19]or even remain constant [20, 21] when superficial velocity
was increased, while the appearance probability can decrease [22] or increase [23]
with height. Wavelet decomposition techniques have been also employed to associate
meso-scale voltage signals to cluster formation [24]. Thus, it seems that clustering
phenomena are not yet fully comprehended.

Regarding the performance of risers, several model reactions have been used to
measure gas-solid mass transfer coefficients under riser flow conditions (naphthalene
sublimation, naphthalene deposition, carbon monoxide oxidation, ozone decomposi-
tion). A clear distinction should be then made between “global” and “local” mass
transfer coefficients; and “diluted” (few particles are chemically active) and “undi-
luted” systems [25, 26]. Particle-based mass transfer correlations measure the mass
transfer rate from a bulk gas phase to the boundary layer of a particle. However, riser
flows are therefore rather heterogeneous and clustering phenomena may form an ad-
ditional hydrodynamic resistance that determines the conversion rate of the process.
These are influenced by the operating conditions, riser geometry, particle size among
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other parameters. All this makes it quite challenging to experimentally validate mass
transfer correlations at global and local scales under riser flow conditions. Thus, suffi-
ciently accurate numerical models (e.g. CFD-DEM) could provide some insight about
clustering phenomena and their influence on the riser performance that are difficult
to measure experimentally.

1.3 Computational studies about riser flows

In literature, there are several experimental studies that have shown that the de-
gree of conversion of a riser is overestimated when a 1D plug flow model is assumed
[27, 28, 29, 30]. Thus, different phenomenological models have been reported in an
attempt to predict accurately the solids distribution [12, 31] and the concentration
distribution [32] along a riser. Actually, several attempts have been made in order
to describe core-annular models where different assumptions have to be taken, over-
simplifying the riser hydrodynamics [12, 32, 33, 34]. Sometimes, these models require
specification of mass transfer coefficients that describe the mass transfer rate between
a dense particulate phase (clusters) and a lean particle phase. To better comprehend
complex riser hydrodynamics and verify these assumptions, more detailed information
about the flow structure is required. Actually, a lot of numerical studies have been
reported in order to predict the performance of fast fluidized systems [7, 35, 36, 37].
Fully resolved simulations involve a very high computational cost that make them
unsuitable for simulation of riser flow. Therefore particle unresolved simulations are
preferred. Kinetic theory of granular flows [38] has enabled two fluid model (TFM)
simulations of relatively large CFB’s [7, 35, 36, 37, 39]. In simulations, cluster struc-
tures have a strong impact on the riser hydrodynamics. Accordingly, these have a
strong impact on the mass transfer rates, which can be overestimated if clusters are
not accurately described (e.g. assume that particles are uniformly dispersed in the
freeboard section of a riser). However, with affordable grid resolution in TFM simu-
lations of large systems, particle clusters are typically not resolved. Large differences
concerning the solids distributions were found when comparing an Euler-Lagrangian
model and a Two Fluid Model (TFM) [40]. This makes it necessary to use an effective
description of these mesoscopic structures. An example of such a description is the
energy minimization methods (EMMS). EMMS models [37, 41, 42, 43] have been used
in the field to predict time-averaged solids content of riser systems and clustering in
riser flows. The clusters structures are assumed to be homogeneous and uniformly
suspended in the dilute phase [44]. In this case, clusters can be considered as “big
porous particles”, where particle-based mass transfer correlation can hold.

In CFD-DEM, the gas particle interaction, collisional forces and particle displace-
ment are deterministically computed. Although the computational expenses of CFD-
DEM simulations are still quite high, different computational strategies make feasible
simulations of several millions of particles [45, 46]. The scale of resolution, in CFD-
DEM, is sufficiently small to capture cluster formation without using closure models
to account for cluster formation (such as EMMS) or drag reduction effects due to gas
bypassing around these heterogeneous structures [47]. CFD-DEM has been shown
to be a suitable model to study flow structure formation [40, 48]. Thus, CFD-DEM



1.4. Motivation and Outline 5

can be used to test its reliability to simulate complex clustering phenomena, which
result from inelastic collisions between particles [49, 50]. Inelastic particle collisions
have been reported to cause cluster formation [49], while increasing drag forces lead
to more homogeneous systems [50]. Cluster formation is an energy-based mechanism.
Particles collide, lose kinetic energy that is transformed into a viscous deformation
and they tend to stay together. On the contrary, when a gas stream passes through
a cluster, drag forces transfer momentum to the particles and then these tend to
separate from each other.

1.4 Motivation and Outline

The aim of this research is to generate more insight about the influence of cluster-
ing phenomena on the performance of riser reactors, test the reliability of CFD-DEM
to predict cluster properties and explore mechanisms that could enhance mass trans-
fer limitations under riser flow conditions due to cluster formation. To achieve this,
it was first required to develop a clear methodology to perform full-field experimen-
tal measurements of solids volume fraction on pseudo-2D riser systems. A suitable
Digital Image Analysis (DIA) technique for riser flow conditions was developed. This
technique showed a robust stability against adverse imaging conditions and enabled
solids volume fraction measurements over the full flow field (chapter 2).

Particle Image Velocimetry (PIV) and DIA techniques were coupled to provide
detailed full-field experimental data of a pseudo-2D riser under different operating
conditions. Full field visual access and solids holdup quantification resulted to be
a very powerful method to attain hydrodynamic data and gain more insight about
cluster formation. Soong and Sharma criteria were found to be not appropriate to
detect clusters, since these resulted to depend on the local fluctuations of the solids
volume fraction (which are inherently different along the domain of a riser). A uniform
definition of cluster was used to detect the core and wake of all particle agglomerates
that were formed in these experiments. Clusters were detected and characterized
by their respective velocity, size, aspect ratio, and internal solids volume fraction.
These measurements provided an extensive characterization of the riser experiments
to further use as experimental reference to validate numerical models (chapter 3).

In CFD-DEM, the gas particle interaction, collisional forces and particle displace-
ment are deterministically computed. An in-house CFD-DEM code has been validated
to predict the riser hydrodynamics, and its reliability to predict clustering phenomena
was tested. It has been shown that CFD-DEM can predict accurately key features of
heterogeneous riser flow, including cluster properties that have a key influence on the
gas-solid contact (chapter 4).

CFD-DEM simulations of a first order irreversible reaction under riser flow condi-
tions were performed. This work provided more insight about the impact of clusters
over the riser performance. Different mass transfer mechanisms were isolated us-
ing ozone decomposition as a model reaction. Clusters were shown to lead to mass
transfer-limited chemical processes. Although we have shown that clusters enhance
gas bypassing and result in poor gas-solid contacting, we find it challenging to de-
velop mass transfer closures at cluster scale level. It seems very hard to capture the
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influence of a cluster using simple parameters such as cluster size. The main reason is
that the cluster contact efficiency is very much influenced by convection through the
cluster and that this convection depends on the configuration of clusters downstream.
Our tentative conclusion is that accurate coarse-graining of the influence of particle
clusters is difficult and in fact CFD-DEM is the tool to predict the performance best
(chapter 5).

Finally, the full-field PIV-DIA technique has been coupled to ozone concentration
measurements in order to characterize the riser performance at different operating
conditions and correlate the riser hydrodynamics to the riser performance. In or-
der to do so, a copper-manganese-based alumina catalyst was prepared by incipient
wetness technique and characterized. Riser experiments were performed at differ-
ent gas superficial velocities and ozone concentration profiles of a labscale pseudo-2D
riser were attained. Full-field PIV/DIA was applied to extensively characterize our
experiments and assess the influence of cluster formation (chapter 6).



Chapter 2

Solids volume fraction measurements on riser flow using a
temporal-histogram based DIA method

Abstract

In this article we introduce a temporal histogram-based method for digital image anal-
ysis (DIA) of pseudo-2D fluidized bed risers. This method enables an accurate whole
field measurement of the solids volume fraction in lab-scale pseudo-2D riser flows by
successfully removing image imperfections and merely accounting for the particles’ in-
tensity. Moreover, the new correlation between normalized intensity and solids volume
fraction that is proposed in this work enables a quantitative approach for solids concen-
tration measurements by DIA techniques. This technique can be easily adjusted with
experimental settings and shows a great stability against adverse imaging conditions.
The combination of this method with Particle Image Velocimetry (PIV) under riser
flow conditions has been successfully applied, enabling the experimental acquisition of
full field hydrodynamic data. *

*This chapter is based on: Carlos Varas, A.E., Peters, E.A.J.F., Deen, N.G. & Kuipers, J.A.M.
(2016). Solids volume fraction measurements on riser flow using a temporal-histogram based DIA
method. AIChE Journal, 62(8), 2681-2698.
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2.1 Introduction

Riser reactors are widely employed in industry to carry out chemical processes
that require high gas-solid contacting efficiency and short gas residence times. Among
these processes are fluid catalytic cracking, biomass and coal gasification, granulation
and metal coating [5].

The extensive utilization of risers in industrial processes has driven an unceasing
investment to boost their operational productivity. However, their performance has
traditionally been optimized by costly and time-consuming experiments [13]. In ad-
dition, an in-depth knowledge of fast-fluidized bed hydrodynamics is required for an
optimal design and scale-up of riser reactors. As a consequence, several experimen-
tal techniques have been developed over the past decades to study the circulation
patterns of fluidized systems [14, 15, 16]. Some intrusive techniques such as optical
probes, endoscopes or hot wires have been widely employed in the past to collect
cross-sectional porosity data of fluidized beds.

Optical probes have been employed by several authors to measure local parti-
cle concentration and velocity [51, 52, 53, 54]. For instance, Gidaspow et al. (2004)
employed Particle Image Velocimetry (PIV) to measure particle velocities and solid
turbulent properties in a 3-D circulating fluidized bed [53]. This work was also com-
bined with γ-ray densitometry to measure particle concentrations covering the radial
direction of two axial positions, by inserting an optical probe at different lengths
from the insertion port. More sophisticated optical techniques make use of particle
recognition methods to measure particles velocities in fluidized systems [54].

However, these optical techniques are invasive and are restricted to local mea-
surements, without providing full-field experimental data under riser flow conditions.
Other non-intrusive methods are gradually replacing invasive techniques, such as Elec-
trical Capacitance Tomography [55] (ECT), Laser Doppler Anemometry [39] (LDA)
Phase Doppler Anemometry [56] (PDA), Magnetic Resonance Imaging [57](MRI),
Magnetic Particle Tracking [58, 59] (MPT) or Particle Image Velocimetry (PIV). All
these technologies can provide accurate results, where PIV is among the most reliable
and economical techniques [58]. For particulate systems the PIV technique has been
applied to pseudo-2D bubbling fluidized beds to obtain full-field hydrodynamic data
[60], but the sole employment of this technique does not provide a full description of
the solids motion. Link et al. 2005 were the first authors to collect full-field experi-
mental data on solids mass flux measurements by a combination of PIV (for velocity
fields) and Digital Image Analysis (DIA) for solids volume fraction data [61]. This
DIA technique requires high-quality normalized images to accurately quantify solids
volume fraction data of a pseudo-2D fluidized system. Laverman et al. made use of
local image filters to increase the quality of the collected images, which in a later
stage were converted into porosity fields by means of a linear correlation [62].

Since current full-field DIA techniques can only be applied to bubbling fluidized
beds, we were prompted to develop a novel DIA post-processing method, which in
combination with PIV, provides complete hydrodynamic data sets of pseudo-2D riser
flows. The DIA technique estimates solids volume fraction data from experimentally
obtained visual images. Van Buijtenen et al. related solids volume fractions to nor-
malized intensity data using an equation that involves two fitting parameters that
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were calibrated with the solids weight [1], which is a known parameter in a bub-
bling fluidized bed. They used computer-generated synthetic images from CFD-DEM
simulations of a fluidized bed to find the proper parameters for the correlation. De
Jong et al. further researched the influence of other experimental parameters like
the particle diameter (dp), system depth and light intensity with synthetic images as
well [2]. It was claimed that the solids volume fraction of a bubbling fluidized bed
could be accurately related to the image intensity through a correlation with con-
stants that are fixed by the fluidization conditions. In this work, we introduce the
new DIA post-processing method that provides reliable solids volume fraction data of
a riser by means of a temporal histogram-based DIA algorithm. This technique can
be complemented with PIV to fully characterize the circulation pattern of a riser.

Conventional spatial DIA methods require homogeneous lighting and a clear con-
trast between particles and background to obtain accurate hydrodynamic data. The
presence of inhomogeneous illumination or background are unwanted characteristics
of a snapshot to successfully estimate the solids volume fraction of a fluidized system.
The lighting of an object depends not only on the number of light sources used, but
also on the illuminance of each light source as well as their respective distances to the
object. Thus, an even light intensity of a specific object can be quite unfeasible if a
relatively large area needs to be illuminated with a couple of LED light sets. This will
result in decreased lighting quality due to the presence of shadows, whose area could
be considerably larger than the size of a single particle. For instance, in a recorded
riser section of 0.8 m height, regions close to the walls are very susceptible to shadows
as well as to spots in the stainless steel back plate originating from its manufacturing
process. In this scenario, there are many unwanted details that are captured by the
high-resolution camera, making their removal essential. Casleton et al. analyzed the
influence of specular reflections on particle quantification of a circulating fluidized
bed [63]. Yang and Zhu employed a reference plate of unspecified dimensions to en-
sure constant illumination conditions throughout the recorded section of a circulating
fluidized bed and avoid inaccuracies in cluster solids holdup measurements [19]. How-
ever, to obtain a homogeneous light field over a relatively large recording area is quite
unfeasible.

An important class of method that attempt to remove these unwanted details
are background subtraction methods. These methods have been widely employed to
improve the image quality in computer vision systems, surveillance cameras, medical
imaging and other disciplines. The algorithms have evolved from off-line methods;
where purely temporal methods are applied; to spatio-temporal filters, where the
background is adapted in time and learns new changes in the image environment
[64]. Other image segmentation algorithms have been developed to isolate foreground
objects to obtain binary images of moving objects for instantaneous image recording.
More complex image recognition patterns have been also employed to compute the
motion of an image body between consecutive images, as in PIV algorithms.

Image segmentation has been previously applied to distinguish particles in flu-
idized systems. However, these investigations make use of spatial filters. Chen et al.
reported the average particle diameter in a bubbling fluidized system [65] and Wei
et al. analyze’d the dispersion of tracer particles in a circulating fluidized bed [66].
These techniques employ thresholding techniques and local image filters; and lack a
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clear methodology to quantify particle concentrations in gas-solid flows by image pro-
cessing techniques. Other authors performed full-field measurements of solids volume
fraction on lab scale units under bubbling fluidization conditions. To enhance the
quality of the post-processed image, filtering techniques have been employed [62] to
remove image anomalies that could significantly decrease the accuracy of the solids
fraction measurements [67, 68, 69]. However, local image filtering techniques, which
are used in the current full-field DIA methods, have a blurring effect on the image [68].
The employment of these filters can distort the image information to such an extent
that some particles are undetected. They therefore lead to significant inaccuracies in
the solids fraction measurements if this process occurs frequently.

The aim of this paper is to define a clear methodology to perform full-field ex-
perimental measurements of solids volume fraction on pseudo-2D fluidized systems.
This technique can generate a generous amount of experimental references for more
thorough validation procedures for CFD models.

Thus, we present a new DIA post-processing method that enhances the reliability
of determining axial and cross-sectional solids volume fraction data on pseudo-2D
risers. The present paper reports a DIA post-processing technique that enables full-
field solid concentration measurements. Moreover, the technique removes shadows
and image imperfections without requiring the use of spatial image filters which dis-
tort the quality of the solids volume fraction measurements. This so-called temporal
histogram method (THM) automatically overcomes lighting issues and does not need
any calibration with a constant solids content that is inherently changing in a riser.
In this way, applicability of DIA is extended to measuring solids volume fraction data
in pseudo-2D riser of lab scale.

To test the new method, we make use of CFD-DEM simulations to generate “syn-
thetic images”. Particle positions from the simulations are used to create an image,
with imperfections such as noise and shadows modeled. The goal is to create output
that closely resembles real experimental images to obtain an accurate correlation.
Synthetic images are post-processed and are related to instantaneous solids volume
fraction data from simulations. This approach is similar to that used by Van Bui-
jtenen et al. and De Jong et al., who correlated these data by means of a function
with two fitting parameters. Previous full-field DIA techniques were developed for
experiments, where lighting conditions are ideal and therefore are sensitive to light-
ing conditions. An important contribution of the technique presented in this paper
is that, we implemented subpixel intensity to obtain a closer resemblance to exper-
imental images. Furthermore, we employ a temporal filter that provides intensity
data that are directly proportional to the pixel coverage by particle phase; and A
and B values are insensitive to image quality issues. The robustness of this new DIA
method is tested under different imaging conditions to ensure reliable solids fraction
data even under non-optimal lighting conditions of the illuminated section. The main
features of the different DIA techniques, will be assessed to perform a qualitative
comparison between post-processed images by different methods. Besides, the per-
formance of THM will be compared to the full-field DIA method developed by De
Jong et al. to evaluate the accuracy of these two methods to measure solids volume
fraction in fluidized systems. An accurate correlation between solids volume fraction
and image intensity will be provided, and its dependence on image-related properties
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is quantified as well.

2.2 Methodology

2.2.1 Instruments

2.2.1.1 Experimental Setup

DIA experiments were carried out on a circulating fluidized bed that consists of
a cylindrical downcomer to recirculate solid particles throughout the system, and a
pseudo-2D riser reactor (see Figure 2.1). In the riser unit, solid and gas phases co-
currently flow upwards to the top of the riser, where a cyclone is used to obtain the
gas-solid separation. A pseudo-2D riser with dimensions 1500 × 70 × 6 mm (height
× width × depth), was employed to collect experimental images and compare the
performance of THM with conventional DIA post-processing methods.

Figure 2.1: Experimental setup.

This rectangular chamber has a 1 cm thick glass front wall to ease visual access to
its interior and a stainless steel back plate to allow an operating pressure of 2 bar. The
pseudo-2D riser coupled to a cylindrical fluidized bed or downcomer. The downcomer,
fluidized at minimum fluidization conditions acts as a particles reservoir, containing
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the major part of the solids inventory. These particles flow from the downcomer to
the riser bottom by means of a recycling pipe, which cross section is almost fully
covered, except for a small opening to smoothly flow the particles. The recycling pipe
is a rectangular-shaped duct of 0.17 × 0.04 × 0.006 meters with an inclination of 45o.
The base of the recycling pipe is found at 4 cm above the gas distributor. The cross
section of the recycling pipe is covered by a metallic insertion which has an opening
of 4 mm at the bottom to let solids flow through the bottom plane of the recycling
pipe. Black Geldart D particles of 0.8-0.9 mm diameter and 2500 kg/m3 density, were
fluidized with a compressed air stream. The gas was evenly distributed by means of a
porous stainless steel plate at the bottom of the riser. To collect experimental images
of the riser flow, four LED light sets were employed to illuminate the pseudo-2D riser.
The images were recorded by a high resolution camera (LaVision ImagerproHS4M)
that was placed at approximately 3 meters of distance from the experimental unit.
The recordings were made at the top 0.8 meters of the riser. Post-processed image
data of the recorded experiment were generated by means of custom Matlab script.

2.2.1.2 Simulations

CFD-DEM simulations of a pseudo-2D riser with dimensions 900 × 70 × 6 mm
(height × width × depth) were employed to generate synthetic images, which were
used to perform the calibration and sensitivity analysis of the presented DIA method
for determining solids volume fractions. The Eulerian-Lagrangian model solves the
Navier-Stokes and continuity equations to describe the gas phase dynamics, while the
solids movement is described by Newton’s second law of motion. The gas-solid inter-
actions are coupled by the Beetstra drag force correlation [70], whereas the collision
parameters correspond to glass beads properties [49] previously reported by Hoomans
et al. Further details of the simulation settings are specified in Table 2.1.

Table 2.1: Simulation data.
A B C D E F G H I

H × W
× D (mm)

900 × 70
× 10

900 × 70
× 6.0

900 × 70
× 4.6

900 × 70
× 3.8

900 × 70
× 3.0

900 × 70
× 7.8

900 × 70
× 3.8

900 × 70
× 7.8

900 × 70
× 6.0

Grids 273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

273 × 21
× 5

426 × 33
× 5

dp (mm) 1.0 1.0 1.0 1.0 1.0 0.6 0.824 1.3 1.0

Sim. time (s) 6 6 6 6 6 6 6 6 6

U (m/s) 6.74 6.74 6.74 6.74 6.74 4.5 5.8 8.0 6.74

Solids Inflow
(kg/s) 0.005 0.005 0.005 0.005 0.005 0.005 0.005 0.005 0.005

Prescribed atmospheric pressure, inflow velocity and no-slip boundary conditions,
respectively, were imposed at the top, bottom plane, and the side walls of the sim-
ulation domain. The particles were fed into the system at random positions in the
bottom X-Y plane of the simulation domain, and left at the top of the system. The
superficial velocity and solids inflow parameters were such that dense and dilute re-
gions were created. This is important because, in order to correlate post-processed
synthetic images and solids volume fraction data from simulations, the whole solids
volume fraction range (from 0 to maximum packing fraction ≈ 0.6) is needed.
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2.2.1.3 CFD-DEM Synthetic Images

Grayscale digital images are numerical representations of the light intensity of a
recorded object. Given a grayscale digital image of 8 bits of a fluidized system, the
background of which is totally white reaching the maximum intensity (255) whereas
the particle is so dark that the minimum intensity value of the 8-bit image (0) is
reached. Thus, minimum intensity values will only be given in pixels that are fully
covered by particles, while totally empty pixels will reach maxima intensities. How-
ever, pixels that are partly covered by particles provide an interpolated value between
minimum and maximum intensities in a range of 256 different shades proportional to
the degree of pixel coverage.

The gray values of a digital image are proportional to the incident light intensity.
Our particles are large compared to the wavelength of visual light. Therefore the
measured intensities are not influenced by diffraction phenomena. According to Beer-
Lambert law, the material transmittance of an object decays exponentially with the
light path depth and the material light absorbance. However, the particles used are so
opaque that transmittance is negligible compared to reflection and absorbance. The
particles are coated black such that most incident light will be absorbed and little
reflected. For the material of the back plate this is different. This is lightly colored
such that a large portion of the incident light is diffusely reflected from it. Since we
use lamps at different angles we assume that, at least for not too high solids volume
fractions, the back plate is always well illuminated.

If a particle is in view its main influence is the blockage of the light coming from
the background. Consequently, we assume that particles are always darker than the
riser background as can be perceived in Figure 2.2. Thus, this method is developed for
particles that have a higher absorbance than the background, and its application to
reflecting/transparent particles remains to be investigated. The gray-scale recorded
by a pixel of the camera, in our case, is thus mainly determined by two factors,
one is the (partial) blockage of the illuminated background by particles. The second
factor is local illumination conditions. Our method consists of, as much as possible,
eliminating the influence of this second factor and thus measuring the ‘degree of pixel
blockage’. The next step is to correlate this filtered or normalized light intensity to
the local solids volume fraction.

In the experiments, the particles are only a few pixels in size. This means that a
substantial portion of the pixels will be partly covered. If, in the synthetic images, we
give pixels a value only depending on whether it is covered ‘yes’ or ‘no’ this gives a
poor representation of the edges of the particles, e.g., generating for instance a stair-
case visual effect [71]. These type of distortions are commonly called spatial aliasing.
To amend this visual effect, an anti-aliasing technique called subpixel sampling (with
8 × 8 = 64 subpixels) is implemented to render the total pixel intensity as:

Ipixel =
n

N
Iparticle +

(1− n)

N
Ibackground (2.1)

where n is the number of subpixels that are occupied by the circular area of a particle
with diameter equal to dp, and N = 64 is the total number of subpixels that are
sampled. This is an old and efficient technique that avoids spatial aliasing of rendered
objects in grayscale digital images [64]. This procedure makes that the grayscale of
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a pixel in synthetic image is linearly dependent on the fraction of the pixel that
is covered by a particle. Thus, subpixel sampling faithfully mimics the image of a
particle that this is registered by a CCD camera [72].

A homemade script is used to read the location and radii of the particles from the
simulation data files to assign an intensity value to the new image. While background
intensities would be fixed at the neighborhood of each particle location, the particle
area per pixel is estimated by subpixel sampling to assign a proportional intensity
value. In Figure 2.2, the qualitative resemblance of the synthetic and the experimen-
tal image pattern is clear. Each particle is represented by its core intensity when
this is fully occupying a pixel; while around its center, there are intermediate values
between background’s and core particle intensities. Thus, we conclude that a similar
particle rendering to real experiments is achieved in these synthetic images through
the implementation of subpixel sampling.

Figure 2.2: Left: 0.8-0.9 mm black particles from experiments. Right: A synthetic
image of black 1.0 mm particles.

Shadows, light gradients and background spots are also generated to test the
robustness of the post processing method under different kinds of image distortion
factors (whose details are further explained in Appendix B.2). These image imper-
fections are found to be very troublesome for local spatial image filtering techniques,
while it will be shown (for our application) that the new THM method is insensitive
to these factors due to its single-pixel normalization.

2.2.2 Temporal Histogram DIA method

2.2.2.1 Normalization

In a video recording of riser flow, the gray value of an individual pixel will be, most
of the time, corresponding to the light intensity of the part of the riser’s back-plate in
its field of view. This value might fluctuate a little bit in time, e.g. due to variations in
the lighting, electronic noise in the camera or shadows/reflections of nearby particles.
Only when a particle passes by will the gray value be markedly different. The exact
value recorded at this moment in time depends on the coverage of the pixel by the
particle (partly or full), and the light intensity from the particle. The intensity will
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be influenced by the lighting of the part of the bed viewed, but also by shadows or
reflections from, e.g. side walls and other particles.

By making a histogram in time for each individual pixel, information is obtained
such as the minimum light intensity and the maximum light intensity. This minimum
and maximum intensity are identified by, respectively, a fully covered and uncovered
state of the pixel. Note that for this to be true, a recording should be long enough
such that, each pixel has been at least once fully covered by a particle. Therefore
a histogram in time for an individual pixel can be used to normalize the value to
perform particle detection, where a value 0 means only background, a value 1 full
coverage, and a value in between partial coverage of the pixel by a particle.

The images of a video will be processed twice. In the first pass, a histogram is
built for each pixel. In a second pass, the information of the pixel histograms is used
to renormalize the snapshots. In the results section, we will show that by means of
this temporal normalization method the effects due to uneven lighting and shadows
will be largely filtered out. Therefore there is no need for spatial filtering and there
is no loss of definition due to blurring, etc.

Figure 2.3: Temporal data histogram of an experimental image for a single-pixel.

The new THM method overcomes the issues of spatial filtering methods. Its
novelty remains in the application of a temporal histogram-based post-processing
method for particle quantification purposes. The intensity of each pixel is normalized
over the intensity difference between the minimum and maximum grayscales of this
pixel. Thus, when a particle partly covers a pixel, its intensity will be normalized over
the width of its respective temporal histogram, computing in this way values ranging
between 0 and 1 depending on the pixel intensity.

When only the minimum and maxima values for each pixel needs to be known, it
is actually not necessary to build up a full histogram, in the first pass through the
recording only the minimum and maximum values for each pixel needs to be updated
and stored. However, full histogram information can be useful for more advanced
processing, like computing a customized Otsu threshold. The histogram shape is
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qualitatively the same for all pixels, showing a high peak at maxima intensities and a
decreasing tail towards minima intensities. Since the background intensity frequency
is much higher than a particle’s, the tail may not be clearly visible in histograms
of pixels located at more dilute areas of the domain. Therefore a pixel histogram
obtained from the denser bottom section of the riser is shown in Figure 2.3. The
peak at the gray level value of Imax(i, j) = 145 (8 bit-image) corresponds to the
background. It has a finite width that is caused by small variations in light intensity
and camera noise. The minimum value is: Imin(i, j) = 44. This level corresponds to
a pixel fully covered by a particle and possibly lowered a bit due to fluctuations or
shadows. Thus, the intensity of each pixel is normalized as:

ϕ2D(i, j) =
Imax (i, j)− I (i, j)

Imax (i, j)− Imin (i, j)
(2.2)

where Imin(i, j) and Imax(i, j), respectively, are the minimum and maximum intensi-
ties in the temporal histogram of the pixel under consideration.

2.2.2.2 Correlation 2D-3D solids volume fraction

Once each picture is normalized, a suitable correlation is needed that translates
these intensity values into solids volume fraction data. The solids volume fraction
which will be indicated as ϕ3D. The notion of a local solids volume fraction only
is useful if volumes containing several particles are considered. Therefore, we will
consider windows of 8 × 8 pixels and compute average normalized 2D intensities,
ϕ2D, for each window. For very dilute systems where particle overlap in an image
is minimal, one expects the averaged 2D normalized intensity, ϕ2D, and the solids
volume fraction, ϕ3D, to be related as:

ϕ3D =
Np
AD

d3
p =

2

3

dp
D

Np
A

π

4
d2
p ≈

2

3

dp
D
ϕ2D (2.3)

where D is the bed depth and dp the particle diameter (Np: number of particles, A:
bed area).

CFD-DEM simulations, using an in-house code of a pseudo-2D riser, were em-
ployed to generate synthetic images and relate the 2D intensity values to the solids
volume fraction data from the simulations’ output. First, data files were generated
every 0.005 seconds from simulations, collecting a total of 1,200 files with all the
hydrodynamic information of the system. Next, the pixel-based information of each
image (2184 × 168 pixels) was locally averaged into an 8 × 8-pixel data field of 273
× 21 windows. From each simulation, a total of around 191,000 data points are
plotted to relate the normalized intensity values to solids volume fraction from simu-
lation data. These data points are fitted to the functional form found below (fitting
procedure is further explained in Appendix B.1):

ϕ3D = A ·B · tanh-1
(ϕ2D

B

)
(2.4)

The variables are chosen such that A is the linear coefficient near zero solids volume
fraction, i.e., ϕ3D ≈ A · ϕ2D. We therefore expect that A ≈ (2dp)/(3D). Parameter
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B is the saturated value of ϕ2D, which is expected to equal 1. It will be shown that
the A and B parameters at a given dp/D ratio, are very stable at changing conditions
of light contrast and particle resolution. A clear achievement, compared to previous
methods, is that THM does not need any calibration with the solids weight of the
system, which is unknown under riser flow conditions. A sensitivity analysis of the
model will be presented in the results section.

2.3 Results and discussion

2.3.1 Image Characterization

General Features

Specific characteristics of conventional and novel DIA methods will be discussed
in detail in this section. To fully convey the general features of these techniques, a
general description of conventional DIA methods can be found in Appendix A.1 and
A.2. These methods, developed by Van Buijtenen et al. [1] and De Jong et al. [2],
were calibrated by using synthetic images, where particles had a Gaussian internal
profile distribution of the light intensity, reaching the highest intensity at the particle
core and decreasing intensity towards its edges.

Another fundamental characteristic that was assumed in the generation of syn-
thetic images by previous authors [1, 2], was the particle light intensity variation in
the depth direction. In this way, particles closer to the front wall have a higher light
intensity than those near the back wall. This effect could be assumed in real exper-
iments if the particles were light colored and particles at front layers cast shadows
on particles that are near the back of the system. However, this phenomenon does
not occur in our experiments where the background is light colored and the particles
are dark. Shadows cannot be distinguished on dark particles. Moreover, the internal
intensity distribution of a particle, as observed in our visual recordings, does not oc-
cur due to any lighting effect, but simply due to the fact that interpolated intensity
values are captured by the camera when a particle only partly covers a pixel. Thus,
we assume that the internal intensity profile of a particle does not have a Gaussian
distribution, but its edges are represented by partly occupied pixels. These pixels
have interpolated values between that of an empty and fully covered pixel.

These observations tell that the models developed by Van Buijtenen et al. [1] and
De Jong et al. [2] are not universal and only correspond to a specific image pattern
that is different than the one we have in our experiments.

The images of the first experiments on our lab scale pseudo-2D riser (see Figure
2.2) show a slightly noisy light background and dark spots at the positions of the
particles. It can be observed that the particle center is darker than its edges due to
partial pixel coverage of the particle. Furthermore, in our experiments, the particle
intensity was found to be independent of the depth direction. All this indicates that
the internal particle intensity profile is flat and independent of the depth direction.
So, in our synthetic images, the particle light intensity was kept constant through its
internal projected area and all over the depth of the pseudo-2D system.
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In Figure 2.4, a comparison between experimental and synthetic images shows a
quantitative similarity between synthetic and experimental images. To achieve this,
a set of 1,000 experimental and another set of 1,200 synthetic images have been pre-
processed to build temporal intensity histograms of a single pixel. The shape of the
intensity temporal histogram conveys relevant information about the image pattern
of both sets of images, giving quantitative information about the degree of dilution
of the fluidized system at a particular pixel location. In this case, pixels located at
the bottom of the riser were selected in order to have a similar frequency of particle
and background intensities. In both histograms shown in Figure 2.4, a high-peak

Figure 2.4: Left: Temporal intensity histogram of a pixel from an 8-bit image of pixels
computed over 1,000 experimental images on riser flow. Right: Temporal intensity
histogram of a pixel over 1,200 synthetic images containing intensity fluctuations
mimicking camera electronics noise.

at maxima intensity values is observed, which correspond to the background. Next
to this peak, there is a decreasing slope to lower values, corresponding to intensities
due to particle coverage. In the synthetic images this only happens when there is a
partially covered pixel. Thus, we can confirm that the implementation of subpixel
intensity on synthetic images achieves a quantitative correspondence to the images of
our experiments.

It has to be noted that in experiments, the background intensity oscillates between
4 and 5 grayscales due to noise of the camera electronics. White noise of the camera
electronics has been mimicked by adding fluctuating noise with a standard deviation
of 4-5 gray levels. This effect can also be noticed in both histograms presented in
Figure 2.4. Thus, we can assume that the shape of the temporal histogram on DIA
experiments is mainly due to intermediate intensities that are perceived by the high
resolution camera when pixels are partly covered by particles.

Contrast

In the synthetic images, it was assumed that regardless of the image imperfections,
the particle intensity was always lower than the background intensity, assuming that
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the presence of shadows not only reduces the background’s but also the particle’s
intensity. To confirm that this visual characteristic is also present in experiments, the
image pattern needs to be further characterized and we should check that the particle
light intensity field is significantly lower than the background light intensity field of our
experimental setup. Thus, we register maxima and minima intensities to reconstruct,
the background and particle intensities over the whole domain, obtaining qualitative
information about the lighting conditions of our experimental setup. These intensity
fields were obtained by acquiring intensity values over 1,000 experimental images.
Minima and maxima intensity values were stored during an experiment to check that

Figure 2.5: a: Instantaneous experimental image. b: Maxima intensity field. c:
Minima intensity field. d: Contrast field.

these values correspond to particle and background phases respectively. In Figure 2.5,
it can be observed that maxima intensity values exactly describe the background of
the experimental unit, even capturing imperfection details due to its manufacturing.
Whereas minima intensities, correspond to particle intensities. The contrast field is
defined as the difference between the minima and the maxima intensity fields.

It can be observed that there is a noticeable intensity difference between the two
fields, which reveals that both phases are distinguishable throughout the riser domain.
Since the intensities of both phases are dependent on the location in the riser, it can
be said that both are affected by external lightings conditions. This confirms that
everywhere in the bed, the particle intensity is lower than the background intensity,
which forms the basis for identifying the particles in our method (more details on
Appendix B).

As mentioned the image contrast is defined in our case as the width of the temporal
histogram, which corresponds to the intensity difference of the background and the
intensity of a pixel which is fully covered by a particle. The temporal histograms are
employed to normalize each pixel intensity, and therefore have an influence on the
solids volume fraction quantification. As the contrast of an image can be different
between experiments, this variable will also be evaluated in the sensitivity analysis of
the proposed correlation.
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2.3.2 2D-Intensity Normalization: THM versus Conventional
DIA.

In this section, the THM performance is compared to the performance of a pre-
viously reported full-field DIA method [2] (detailed in Appendix A.2) under three
different cases, of which the main characteristics are described in Table 2.2. These
cases are investigated to draw conclusions about the quality of the temporal normal-
ization procedure that was previously explained.

Table 2.2: Characteristics of cases 1 to 3. For each case 1,200 images were processed.

Images
Source

Background
Intensity

Particle
Intensity

Shadows
and Spots

Subpixel
Intensity

Case 1 DPM 255 105 No Yes

Case 2 DPM 135-155 115-130 Yes Yes

Case 3 Experiments 16-255∗ 8-78∗ Yes -

*The background and particle intensities are changing according to the illuminance of
the riser location.

In case 1, 8-bit images with a substantial contrast were generated, i.e., ‘150’ intensity
for the background and ‘0’ for the particle phase. The selected intensities mimic an ex-
periment with ideal lighting conditions along the whole domain of the system, without
shadows or background spots that could negatively influence the local thresholding
techniques that are applied in conventional DIA methods.

When recording large areas, shadows and light gradients are frequently encoun-
tered throughout the illuminated experimental unit. In our case, when a pseudo-2D
riser is recorded, not only shadows are present near the walls, but also there is a de-
creasing light intensity from the center of the riser to its edges, due to uneven lighting.
These characteristics are captured in case 2.

Images of case 2 have a considerably lower contrast than in case 1, making the
distinction between the phases more difficult. Moreover, a light gradient is generated
along the whole domain to simulate the uneven lighting that is most likely present
when such large areas are not evenly illuminated. Shadows close to the walls are
also included to mimic a more realistic case and test the robustness of the normal-
ization procedure of the novel DIA method against conventional local image filtering
techniques.

Finally, case 3 presents images from an experiment conducted in a circulating flu-
idized bed of our laboratory, where light-related issues are found as they are commonly
present in experiments.

Case 1

The normalization processing of this idealized case is trivial for both methods.
The absence of shadows or background spots enables the synthesis of normalized im-
ages of high quality by both DIA techniques. In Figure 2.6, the relevant images are
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shown: the original synthetic image and two post-processed images, one normalized
by conventional DIA method, and another by THM. This case illustrates how both,
spatial and temporal normalization methods are effective for optimal lighting condi-
tions.

Figure 2.6: Left: Original image. Middle: normalized image obtained from conven-
tional DIA method. Right: normalized image obtained from THM processing.

It can be noticed that both post-processed images are almost identical to the
original one, revealing that the quality of the normalized image is very high in both
cases. Thus, the performance of both methods under excellent visualization conditions
would be similar for Case 1.

Case 2

In this case background noise and shadows are artificially generated on the syn-
thetic image. Moreover, a light gradient is created along the image to mimic the
illumination of such a large area. The original synthetic image is shown first in Figure
2.7, and next the post-processed images by conventional DIA and THM, respectively.

To have a normalized image of high quality, the image should only account for
intensity values where the particles are present, while intensities generated by other
external factors should be removed or minimized as much as possible to not quantify
them when the 3D solids volume fraction is calculated from the intensity. Figure
2.7 clearly shows that the conventional DIA processing cannot handle poor lighting
conditions well. Conversely, the THM method, removes nearly all perceptible imper-
fections of the image and just captures intensity values due to the particles presence.
Since image imperfections are static throughout time, the temporal character of THM
enables to only detect the particles intensity, which is the only dynamic information
that changes over the whole set of post-processed images. In Figure 2.7, the conven-
tional DIA method with image filtering techniques is applied to improve the quality



22 2.3. Results and discussion

Figure 2.7: Case 2 post-processing. Left: Original image. Middle: normalized image
obtained from conventional DIA method. Right: normalized image obtained from
THM processing.

of the normalized image. Even after applying image filtering, the information of the
normalized image is very unsatisfactory, because the excessive use of these filters sig-
nificantly distort the image information as it can be clearly noticed in Figure 2.7. In
addition, there are spots and other stains that the original image does not contain,
showing a clear contamination of the hydrodynamic information. Since image infor-
mation due to shadows and background noise cannot be filtered out completely, an
iterative procedure to optimize the kernel parameters is needed to minimize the in-
fluence of image imperfections. (Details of this procedure are explained in Appendix
A.1). This makes the technique also difficult to apply well in practice.

The video recording of a fluidized bed is characterized by stationary image corre-
sponding to the riser superimposed with the possible lighting imperfections such as
uneven illumination, shadows, etc. These distortions are mostly stationary in time,
while the particles are the only moving objects within the domain. In Figure 2.7, it
can be observed that for synthetic images THM normalization method successfully
removes all image imperfections, leaving the hydrodynamic information of the syn-
thetic image unaltered. Thus, the application of a temporal image filter is a much
more efficient solution when stationary distortion artifacts are aimed to be removed.
Moreover, it does not require any image filter to remove spots or shadows, obtaining a
normalized image of very high quality, and avoiding iterative procedures to optimize
the image normalization.This is a clear evidence of the robustness of this method that
normalizes the image information independently of the presence of external features.



2.3. Results and discussion 23

Case 3

In this third case, we compare the performance of both DIA techniques under
experimental conditions, where poor lighting is unavoidable due to the size of the
illuminated area. The conventional DIA method requires image filters which are spa-
tially applied. To optimize the image normalization by means of the conventional
technique, several iterations of image filter kernel sizes have been performed. The
optimal result of the conventional DIA for this case is shown in Figure 2.8. Further
details about this procedure are found in Appendix A.1. Although most of the hydro-

Figure 2.8: Post-processing of experimental images. Left: Original image. Middle:
normalized image obtained from conventional DIA method. Right: normalized image
obtained from THM processing.

dynamic information is transferred to the normalized image in the case of conventional
DIA, it can be noticed that intensity changes due to shadows close to the walls are
not completely removed. In addition, the employment of big normalization kernels
enhances solids volume fraction overestimation due to the fact that the intensity of
the shadows is not removed.

Figure 2.8 also shows the normalized image produced by the THM method. It
can be noticed that the intensity due to shadows, or noise, is completely removed
and that only the intensity due to particles presence is transferred to the normalized
image. Furthermore, the image is not as distorted as the one generated using the
conventional DIA method, because THM is a method free of tuning. In other words,
this method does not require the employment of image filtering techniques, whose
kernel parameters need to be optimized when lighting imperfections are captured by
the camera.

Thus, the conventional DIA post-processing method, which employs local image
filtering techniques, significantly impedes the quality of the hydrodynamic measure-
ments using the PIV/DIA technique. Hence, we claim that the temporally histogram-
based DIA method normalizes the hydrodynamic information contained in images
much more accurately than the conventional DIA method. In addition, the novel
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method shows a strong robustness under adverse imaging conditions, as it can be
noticed after analysis of the 3 cases reported in this section.

2.3.3 2D Intensity versus 3D solids volume fraction correlation

In this section, a correlation to translate the 2D normalized intensity data into
solids volume fractions is developed. Moreover, a sensitivity analysis of the model
is performed as well as its dependence on image-related parameters and the ratio
between particle diameter and bed-depth, dp/D.

In Figure 2.9, around 191,101 post-processed intensity values of synthetic images
are plotted against the solids volume fraction data that have been extracted from its
corresponding simulation. Here the 2D-intensity data are averaged over windows of 8
× 8 pixels, and the corresponding 3D solids volume fractions are obtained on grid cells
of the same size and averaged in the depth-direction. It is observed that the pattern
follows a straight line at low and moderate intensities, while it tends to get steeper at
intensities from 0.8 onwards to finally tend to infinity at intensities around 1.0. It can
also be noticed that the scattering increases at higher intensity values. This is easily
explained by the fact that dense regions are more susceptible to inaccuracies because
particles in the front layers block the camera view and there is less visual access to
estimate the solids volume fraction.

Figure 2.9: Normalized Intensity versus 3D solids fraction from simulation data.
191,101 data points.

It is noted that the functional form that best correlates the normalized intensity
to the 3D solids volume fraction for our case is given by eqn. (2.4), where B represents
the value where the asymptote is placed, while A fixes the slope of the curve at low
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values. Eqn. (2.4) is different than correlations reported by Van Buijtenen et al. [1]
and De Jong et al. [2]. The root cause of this difference resides in the design features
of the synthetic images that were employed for the 2D-3D correlation. Our synthetic
images were designed to more closely resemble our experimental observation (see
Figure 2.2). Unlike Van Buijtenen et al. [1] and De Jong et al.[2], in our synthetic
images, the particle intensity does not change along the bed depth and subpixel
intensity is implemented.

Sensitivity Analysis

To evaluate the sensitivity of the solids volume fraction correlation, we post-
process different simulations under diverse imaging conditions that are specified in
detail in Appendix B.2. We will show that the A and B parameters of the correlation
mainly depend on the dp/D ratio, and does not need to be calibrated using, e.g., the
solids weight, enabling the application of the new DIA technique in riser flows.

As stated by De Jong at el. [2], the particle size-depth ratio has a direct influence
on the hydrodynamic behavior of a fluidized system. This ratio must be not be too
high and not too low. Although high values would decrease the particle blocking
effects, this would lead to a hydrodynamic behavior that is too much influenced by
the walls, which clearly is an unwanted feature for this sort of studies. Conversely,
ratios that are too low lead to inaccuracies in the vector field computation when
PIV is employed, as well as in the solids volume fraction measurements of dense
fluidized systems. Anyhow, the model parameters dependence at different dp/D ratios
is analyzed, keeping the image resolution and contrast constant.

In experiments A-E of Table 2.3, the value dependency of parameters A and B on
dp/D are listed, observing a noticeable dependence of constant A, while constant B
is quite stable and approximately constant. Thus, we can state that only parameter
A depends on the dp/D ratio, while B could be fixed to a constant value. In Table

Table 2.3: dependencies of A and B on bed-depth and resolution.

Experiment dp/D dp/hp A B R2

A 0.100 2.429 0.089 0.99 0.982

B 0.167 2.429 0.140 0.99 0.986

C 0.217 2.429 0.174 0.99 0.989

D 0.263 2.429 0.203 1.00 0.992

E 0.333 2.429 0.246 1.00 0.993

F 0.167 1.457 0.088 0.99 0.988

G 0.167 2.001 0.139 0.99 0.987

H 0.167 3.157 0.138 0.98 0.983

I 0.167 3.786 0.140 0.98 0.977

2.3, we present A and B values at different dp/D ratios. It can be noticed that only
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A strongly depends on the dp/D ratio, whereas B is constant always even under
strong changes in the contrast and dp/hp. To apply the correct values of A and B
on a given experiment, we have fitted their respective dependence into the equations
shown below:

A(dp/D) = 0.6818 · dp/D + 0.024± 0.001 (2.5)

B = 0.99± 0.01 (2.6)

By means of eqns. (2.5) and (2.6), THM can be applied in DIA experiments where
the dp/hp ratio is higher than 2 pixels per particle diameter.

As it was previously explained in the introduction, A would be expected to be ap-
proximately equal to (2dp)/3D for very dilute regions. Actually, at low-mid intensity
values (from ϕ2D = 0 to 0.5) of the slope A vs dp/D is very close to 2/3, and it has
a small offset (0.024), although.

Since the resolution of a recorded object depends on the number of pixels that
defines it, the image resolution is another parameter to be included in the sensitivity
analysis. In this subsection, the image resolution is quantified in pixels per particle,
which is required to attain an adequate representation of the particles and conse-
quently an accurate estimate of the solids volume fraction. To study this effect, four
sets of 1200 synthetic images with different resolution were generated to study this
effect. The resolution was quantified in terms of pixel per particle, dp/hp, with hp
being the size of a pixel in metric units [meters/pixel].

In experiments B and F-I of Table 2.3, we show that the value A is significantly
higher when very low resolution images are post-processed (1.45 pixels per particle).
However the values of both constants are very stable when a ratio of at least 2 pixels
per particle is used. Thus, we suggest using ratios higher than 2 pixels per particle
to reach a higher stability of the constant values of the model. This value nicely
matches with one of the findings reported by Westerweel [73] for PIV, namely that
PIV measurements are more accurate when the dp/hp ratio is above two. Thus, the
model for correlating normalized intensity to solids volume fraction is also quite stable
when ratios above two are employed, again highlighting the stability of the THM
method against shadows and image imperfections that are unavoidably captured by
the camera when large areas are recorded.

To evaluate the influence of the contrast we computed the values of A and B
under different image contrasts. As expected, A and B remain unchanged for vary-
ing contrasts at the same values of dp/D and dp/hp. So, we can confirm that by
applying THM, the contrast does not have any impact on the solids volume fraction
measurements.

2.3.4 THM accuracy

In this subsection, the accuracy of the THM correlation is analyzed. Solids vol-
ume fractions from simulation data were employed as a reference to compare with
solids volume fraction estimations from post-processed synthetic images from the cor-
responding simulation. The 2D normalized intensity of the synthetic images was
correlated to their corresponding solids volume fraction data from simulations. The
comparison between both DIA methods have been performed using synthetic images
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without defects due to shadows etc., such that the 2D intensity can be determined
also with the conventional DIA without a problem. Thus, this test solely evaluates the
accuracy of the respective 2D-3D correlations over images that are already normalized
and where image distortion factors are completely absent.

Previous authors [1, 2] proposed a correlation to translate intensity values into
solids volume fraction data by using the equation given below:

ϕ3D,max for ϕ3D ≥ ϕ3D,max

A · ϕ2D

1− ϕ2D/B
for ϕ3D < ϕ3D,max

(2.7)

In Figure 2.10, around 191,101 simulation data points of solids volume fraction were

Figure 2.10: Solids volume fraction from simulation data versus estimation of THM
and De Jong 2D-3D correlations [2].

binned into 100 bins according to their 2D intensity. The case shown in this figure
corresponds to experiment B, which dp/hp and the dp/D ratios are 2.429 and 0.167,
respectively. The bin-averaged solids volume fraction data were computed and rep-
resented by blue dots. This data set is accompanied by error bars that indicate the
standard deviation (68%) interval between the 3D solids volume fraction of each of
these 191,101 simulation data points and the averaged 3D solids volume fraction, con-
veying the distributed nature of the data. Eqns. (2.4) and (2.7) have been evaluated
over the 2D intensity range to compare the precision of their respective estimates. It
is noted that values that tend to infinity or exceed the maximum packing fraction are
set to ϕ3D,max ≈ 0.6.

According to De Jong et al. [2], the values of A and B of eqn. (2.7) under these
experimental conditions are A = 1.028ḋp/D = 0.171 and B=1.005. In case the THM
is applied, the values of A and B under these conditions are 0.1397 and 0.9904,
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respectively. As it can be observed, there is a clear overestimation of the solids
volume fraction data using the correlation of De Jong et al. (Further explained in
Appendix A.2). In contrast, it is shown that the THM correlation is much closer
to the true reference (simulation data) throughout the whole 2D intensity range,
only slightly overestimating the solids volume fraction at very high 2D intensities.
The total relative error of THM DIA method is of 15 %, while eqn. (2.7) shows a
relative error of 147 %, revealing that the proposed 2D-3D correlation in this work is
significantly more accurate than eqn. (6).

Clearly, in the De Jong method, the A and B parameters could be refitted to give
a better representation of the data. The point is, however, that the literature recipes
for determining A and B in the model of De Jong et al. do not work well in our case
of riser flow. Instead of refitting A and B we also choose a different functional form,
namely, eqn. (2.4) that was found to be able to fit the data better. Even for this
functional form there is a systematic deviation from ϕ2D = 0.6 onward although the
curve remains well within the 68% interval. Unfortunately we were not able to find a
simple functional form that was able to capture the full trend even more accurately.
As an alternative to the ‘arctan’ of eqn. (2.4) one could use a spline fit but still use
the same relations for A and B as we provided before, i.e., ϕ3D = A · B · f(ϕ2D/B),
with f the spline function. Also note that the actual fitting was done by fitting a
function of ϕ2D as function of ϕ3D because in the simulation ϕ3D is known and ϕ2D

has a distribution of values. See Appendix B.1 for an explanation of the used fitting
procedure.

Thus, in this subsection we have shown that the correlation proposed in this work
is more accurate than the reported by previous authors. In order to have a deeper
insight about the accuracy of this method, we computed the solids weight of a closed
system with known solids content.

The particles were loaded into the riser are were weighed after the experiments
were performed (34,4 grams). The gas superficial velocities were such that the parti-
cles never left the recorded domain (see Table 2.4). During the fluidization, a small
amount of particles were in a stagnant region of the recycling pipe that connects the
bottom of the riser. This volume of this region was estimated in order to compute
the amount of solids that were not captured during the recording. Assuming that
this stagnant volume was completely packed of particles (〈ϕs〉 ≈ 0.6), we estimate
that around 3.9 grams of particles were not captured in the recording. Thus the real
amount of particles that were fluidized in the system is estimated to be 30.5 grams.

Recordings of 3,000 images under three different gas superficial velocities were
post-processed. The solids volume integral of the recorded area was computed to
calculate the solids weight of the system. To test the accuracy of this technique, we
compared the computed value from post-processed images and the real weight amount
of solids in the system (30.5 grams).

As result, the time-averaged solids volume fraction field is obtained and the solids
content of the system is computed from these data:

〈massDIA〉 =

N∑
i=1,j=1

〈ϕs〉ij∆x∆yDρs (2.8)
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where, ρs is the solids density; 〈ϕs〉ij is the time-averaged solids volume fraction of
an interrogation area; N is the total number of interrogation areas in the image;
∆x,and ∆y are the dimensions of an interrogation area; and D is the depth of the
riser. These results show that the error for time-averaged results of solids volume

Table 2.4: Experiments in closed recording system

U (m/s) 〈massReal〉
(grams)

〈massDIA〉
(grams)

σ(massDIA)
(grams)

Relative Error
(%)

3.97 30.5 30.84 2.20 3.59
3.17 30.5 25.41 2.07 18.33
2.38 30.5 26.13 1.69 16.69

fraction measurements, is lower than 20 %.

Influence of temporal fluctuations

The necessary assumption for the THM to work so well is that there is a one-to-one
correspondence between the coverage of a pixel by a passing particle and the measured
intensity. In practice, this one-to-one correspondence might not be exactly obeyed.
Reasons for this might be: variations in particle color or tone, accidental reflections
to irregular particle surfaces, camera noise, fluctuations in the light intensity etc.

As a consequence, maximum of the histogram might exceed the average ‘uncovered
pixel’ value, while the minimum will be less than the average ‘fully covered pixel’ value.
Therefore, when using the width of the histogram for normalization, the value for ϕ2D

that is computed for a fully uncovered pixel will be typically larger than 0, and the
value computed for a fully covered pixel typically less than 1 (instead of exactly equal
to 0 and 1).

To illustrate this phenomenon, we have generated 4 sets of synthetic images where
the particle intensity varies according to the equation below:

Iparticle(i, j) = ((1−f)+f ·unif()) (I0(i, j)−Ibackground(i, j))+Ibackground(i, j) (2.9)

where I0(i, j) is the core intensity of the darkest particle that has passed by a single
pixel, Ibackground(i, j) is the background intensity and f is the randomness factor that
defines the magnitude of the intensity fluctuation of the particle at that pixel position.
This would correspond to a case where particles have different colors or tones and
therefore the intensity of the reflected light differs for each particle. For instance, an
f value of 0.5 would mean that the particle intensity fluctuates between the temporal
minimum intensity of a pixel and the middle intensity of the temporal histogram (see
Figure 2.3).

Using simulations and “measuring” the ϕ3D-ϕ2D pairs for the different 8 × 8 pixel
sized-windows we have evaluated the influence of f on the fitting parameters A and
B, which values are listed in Table 2.5. As we can see in Table 2.5, particle color in-
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Table 2.5: Particle intensity fluctuations.

Experiment f A B R2

B 0 0.140 0.99 0.986

B01 0.1 0.146 0.95 0.986

B02 0.2 0.154 0.90 0.984

B04 0.4 0.172 0.81 0.977

homogeneity has a noticeable effect on the fitting parameters, leading to higher slopes
and lower B values to overcome an underestimation of the solids volume fraction. The
message of this result is that in experiments, one should as much as possible avoid
this type of temporal fluctuations. For example, make sure that the color differences
between particles is minimal and minimize the influence of camera noise and fluctua-
tions in the lighting. If fluctuations are still present, one might try to quantify those,
e.g., by a parameter f and its influence on the values of A and B. The quantification
of f in experiments is further explained in Appendix B.

2.4 Application of THM on riser flow. Solids volume fraction measure-

ments.

In this section as a “proof of principle”, we show some representative results ob-
tained from a single experiment by applying the new DIA method in combination
with PIV. It has been shown that the THM DIA technique enables full-field accurate
measurement of the solids volume fraction under riser flow conditions. The temporal
character of the histogram-based normalization enables the experimental determina-
tion of riser axial profiles without concern about the illumination conditions. In this
section, we show some representative results obtained from a single experiment by
applying the new DIA method in combination with PIV.

This experiment was performed in the pseudo-2D riser, of which the dimensions
are described in section 2.2.1.1. In this case, black 0.8-0.9 mm glass beads (ρs= 2500
kg/m3) were fluidized with air at room temperature and atmospheric pressure. The
gas superficial velocity was of U = 5.95 m/s and the solids mass flux of Gs = 31
kg/(m2s). According to the characteristics of the particles that were employed on
this experiment, A and B values respectively were 0.144 and 0.86 (dp/D = 0.142
and f = 0.156) respectively as result of using equations reported in Appendix B. By
means of an image cross correlation between two consecutive images, PIV supplies an
individual solids velocity vector for each interrogation area of 8 × 8 pixels:

vp =
sp(x, t)

M ·∆t
(2.10)

where M , is the magnification of the camera, sp, represents the solids displacement
vector in a time interval of ∆t, which would be the time delay between two images.
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Figure 2.11: Instantaneous solids volume fraction and solids velocity field of an in-
stantaneous image of the top section of an experimental pseudo-2D riser.

However, the application of PIV only provides a solids velocity vector field, which is
not sufficient to describe the solids motion of the system. In heterogeneous systems,
both solids volume fraction and solids mass flux data are necessary parameters to
describe their hydrodynamics. Thus, the measurement of accurate solids volume
fraction data is essential to characterize the hydrodynamic behavior of a riser in more
detail.

In Figure 2.11, the instantaneous solids volume fraction and solids velocity fields
of an experimental image are shown, which can be used to determine hydrodynamic
information of the whole recording field. All the image imperfections are successfully
removed and only the presence of particles is accounted for, providing a data set
covering a domain size of 0.07 × 0.8 meters, subdivided into 21 × 240 interrogation
areas. The application of this technique enables a full characterization of riser hydro-
dynamics. In order to obtain hydrodynamics of the full riser, two sets of experiments
for the bottom and top sections were performed, covering a total riser height of 1.5
meters.

The combination of PIV and the novel DIA post-processing method supplies whole
field solids volume fraction and solids mass flux data. It therefore enables the com-
putation of the time-averaged solids mass flux for each interrogation area as:

〈Gs〉 = ρs〈ϕ3D · vp〉 (2.11)

Figure 2.12 shows the 2D field data sets of the time-averaged solids volume fraction
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and solids mass flux. These results illustrate that this technique enables experimental
measurement of over the whole flow field.

Figure 2.12: a) Full-field time-averaged solids volume fraction. b) time-averaged solids
mass flux vector over full flow field.

2.5 Conclusions

In this work, a temporal histogram-based DIA processing is presented. Its novelty
resides in the temporal normalization of the processed images, whose imperfections
due to uneven lighting and shadows are completely removed without the need of
spatial image filtering techniques. THM provides a high-quality image normalization
procedure under adverse visualization conditions, enabling the employment of the DIA
technique to quantify solids volume fraction data on lab-scale pseudo-2D fluidized
beds. Moreover, a new 2D-3D correlation is developed through the calibration of
post-processed synthetic images and CFD-DEM solids volume fraction data. This
correlation relates the intensity of the normalized images to the 3D solids volume
fraction of a riser, which solids content dynamically evolves and hence is unknown at
any instant.

This correlation adopts the form given by eqn. (2.4), which parameters (A and B)
can be fixed at the beginning of the experiment. It has been also shown, how these
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constants depend on image-related properties such as image bed-depth and resolution,
confirming that ratios higher than 2 pixels per particle are needed to accurately
quantify the solids volume fraction data. The performed sensitivity analysis, shows
that THM is more accurate than current full-field DIA techniques and enables its
applicability to pseudo-2D risers, without need of any further calibration with the
solids weight of the system.

In conclusion, the novel THM DIA method that has been developed increases the
accuracy of solids volume fraction measurements, enabling a more thorough and com-
plete hydrodynamic study with the PIV/DIA technique. This technique can supply
generous amounts of experimental references for CFD models validation procedures.
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Chapter 3

Experimental study of full field riser hydrodynamics by
PIV/DIA coupling

Abstract

A full-field hydrodynamic study under riser flow conditions is performed, by using a
combined Particle Image Velocimetry (PIV) and Digital Image Analysis (DIA) tech-
nique. The employment of a temporal histogram-based method (THM) enables an
accurate measurement of the solids volume fraction over the full field of a pseudo-2D
riser unit. The full visual access to the riser section enables a complete characteriza-
tion of the complex transient particulate phase flow patterns. Full-field riser hydrody-
namics are quantified at different operating conditions defined by the superficial gas
velocity. Under these conditions, a cluster detection method is utilized to characterize
the heterogeneity of the riser flow. *

*This chapter is based on: Carlos Varas, A.E., Peters, E.A.J.F. & Kuipers, J.A.M. (2017).
Experimental study of full field riser hydrodynamics by PIV/DIA coupling. Published online in
Powder Technology.
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3.1 Introduction

3.1.1 Riser hydrodynamics

Riser reactors have been extensively applied in numerous industrial chemical pro-
cesses that require intense gas-solid interaction. The performance of risers has been
extensively investigated over the past decades to acquire an in-depth insight on their
hydrodynamics [6, 7, 8, 9, 10], which are nevertheless still not fully comprehended.

Risers are usually operated at high superficial velocities under fast fluidization
conditions. These systems exhibit a so called “core annulus” flow pattern, which is
characterized by a dilute solids upflow in the core of the reactor, and a dense downflow
close to the walls [6, 7, 8, 9, 10]. The dense regions zone typically contain particle
clusters, where the gas permeance is reduced which consequently could negatively
impact the performance of a riser. Pneumatic transport is reached at very high
gas velocities, where the system is characterized by a very dilute bulk solids phase,
transporting upwards all the particles that are fed into the riser.

Several experimental techniques have been utilized to collect key hydrodynamic
data in an attempt to relate riser operational conditions to cluster-related phenomena.
Capacitance probes [22, 20], Laser Doppler Anemometry [56] fiber optical probes [17,
24, 21, 23, 74, 53] and non-intrusive imaging techniques [75, 76] have been employed to
obtain local hydrodynamic data in circulating fluidized beds (CFB). Other techniques
such as γ-ray densitometry [53] and DIA [76, 19] have also been applied to determine
solids volume fraction and study riser hydrodynamics.

In literature, contradictory observations have been reported related to clusters
appearance probability and size versus axial position and gas superficial velocity.
As Chew et al. summarized [24], the appearance probability can decrease [22] or
increase [23] with height. Thus, there is a clear lack of understanding of cluster-
related phenomena, probably due to the lack of the existence of complete data sets
[24] and a clear definition of what a cluster is [77]. Numerous experimental data on
cluster phenomena are available in literature [17, 21, 23, 24, 75, 76, 77, 74]. However,
these data are limited to small sections of a riser; using local measurements that often
require intrusive probes to collect radial profiles of solids volume fraction. The growing
demand for accurate CFD models, requires as well the availability of more detailed
and complete experimental data sets for comprehensive model validation. Thus, one
of our motivations is to perform a hydrodynamic study by means of a non-intrusive
technique that provides full-field hydrodynamic data sets of a well-defined pseudo-2D
riser geometry. Another incentive is to perform a full-field cluster characterization
of cluster dynamics to assess the influence of the superficial gas velocity on the total
degree of heterogeneity of a fast fluidized system.

Particle Image Velocimetry (PIV) and Digital Image Analysis (DIA) are non-
intrusive techniques that can be applied to pseudo-2D fluidized systems. These tech-
niques require excellent visual conditions to be sufficiently accurate. The combination
of these techniques enables the measurement of relevant hydrodynamic information
of the whole recorded area of a pseudo-2D fluidized bed, without altering the fluid
dynamics of the system. Concerning granular systems, PIV/DIA has mostly been
applied to pseudo-2D fluidized beds in the bubbling regime [1, 2, 61, 62, 78], which
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requires a relatively small recording area that can be easily illuminated. However,
riser reactors are characterized by high superficial velocities to enhance gas-solids
mixing, demanding high units to enlarge the gas residence time in the system. At
these conditions, the presence of shadows becomes more problematic, affecting the
quantification of solids volume fraction measurements. Constant illuminance condi-
tions over relatively small sections of a riser can overcome these issues [19], but this
becomes challenging when the full field of a pseudo-2D labscale riser reactor is aimed
to be recorded.

In this work, the application of a recently developed novel DIA technique, enables
accurate solids volume fraction measurements under riser flow conditions [79] over a
relatively large section of a riser (without the need of having such constant illuminance
conditions). A temporal normalization procedure is performed to only quantify for
particles intensities and correlate these values to solids volume fraction data. This
method is further explained in Carlos et al. [80]. Thus, this novel DIA technique
enables full field measurements of solids volume fraction that in combination with
PIV becomes a powerful tool to fully characterize the particulate phase flow patterns
under riser flow conditions, including cluster characterization in the entire flow field.

In literature, numerous data sets on particle clusters in risers have been reported
[17, 21, 23, 24, 74, 75, 76, 77]. However, little or no data have been reported re-
garding cluster frequency over the entire riser domain. The framework, given by this
PIV/DIA technique, provides well optimized conditions to perform cluster detection
and characterization, in order to analyze the influence of hydrodynamic parameters
over cluster-related properties over the whole field of view. Experiments with changing
superficial gas velocity are performed, covering fluidization conditions from turbulent
to dilute pneumatic regime of Geldart D particles.

Providing detailed full-field experimental data of a compact pseudo-2D riser for
CFD validations is one our main objectives of this paper. Full field visual access
and solids holdup quantification results to be a very powerful resource to analyze the
influence of cluster definition with respect to the obtained results; and contributes to
enhanced understanding of the heterogeneous flow structures.

3.1.2 Clusters

Concerning clusters, a lot of effort has been dedicated to their characterization
or/and quantification [4, 6, 20, 21, 22, 54, 75, 77, 79, 81]. However, definition of what
constitutes a particle cluster is still not firmly established due to the wide variety of
shapes, structures and densities they can attain and the added difficulty to quantify
their properties with available experimental techniques. Clusters have been visualized
as particle paraboloid-shaped strands or streamers [75, 82]. Yerushalmi et al. assumed
that clusters consist of closely packed particles strands that fall downwards in densest
regions and move upwards in the lean phase [82]. Clusters, have also been found
as particle groups with a core-wake structure [6, 19, 76], consisting of a very dense
region that faces the cluster trajectory and a more dilute region that follows the
cluster core path. Soong et al. established quantitative criteria to enable systematic
cluster detection [22] by means of optical probes. They defined a cluster as a group of
particles with a size of at least 1 or two orders of magnitude larger than the particle
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diameter with a solids volume fraction above the mean plus n times its standard
deviation, i.e., 〈ϕs〉 + n · σ (whereσ =

√
(〈(ϕs − 〈ϕs〉)2〉)))). This definition was

slightly modified by Sharma et al. regarding the sampling time required to detect
a cluster [20]. Although different definitions of clusters have been proposed in the
literature, one common feature that is not questioned, is that clusters are composed
of groups of particles that adopt ellipsoidal shapes with an internal solids volume
fraction significantly greater than their surroundings [77].

The Soong criteria established quantifiable properties to identify clusters in a
systematic manner. Actually, these criteria have been employed by several authors
to perform cluster detection and/or characterization [20, 22, 23, 36, 83]. However,
these criteria are less suited for the case where the solids are highly segregated [21],
where particles concentrate in dense clusters and are not evenly dispersed throughout
the system. The cluster definition proposed by Soong et al. offers a pragmatic
procedure to detect clusters, not only with wavelength analysis, but also amenable to
computational investigations [36, 83]. It has to be remarked however that the Soong
criteria were originally proposed for local cluster detection with needle probes. Thus,
a cluster is identified when the concentration perturbation is above 〈ϕs〉+ n · σ for a
time interval equivalent to sampling volumes one or two orders of magnitude larger
than the diameter of a particle. When this definition is applied during post-processing
of a set of images, regions above 〈ϕs〉+ 2 · σ can be simultaneously detected.

It also worth to mention the large research effort to develop wavelet decomposition
techniques to appropriately capture the solids volume fraction fluctuations caused by
clusters [24, 84, 85] with optical probes. These techniques can classify signals into
micro (noise or particle), meso (cluster or bubble) and macroscale fluctuations [84]
(equipment). Multiresolution analysis techniques were also employed to find an ap-
propriate subsignal that captured the time-variant feature of solids volume fraction
fluctuations due to macroscale fluctuations as well as neglected signal noise to only
account for signals caused by cluster presence. Although the measured cluster prop-
erties are slightly affected by the subsignal choice [36], the cluster detection method
is not dependent on the local flow fluctuations.

Others used a threshold-based cluster definition by setting an arbitrary value of
solids volume fraction above which particle groups were considered as clusters [86].
Casleton et al. employed specularity-based particle detection techniques to measure
solids volume fraction with optical probes [63]. Mondal et al. applied grayscale thresh-
olding techniques to obtain cluster length scale distributions over the domain of a cold
flow CFB unit by means of DIA [87]. Yang and Zhu [19] applied an original method-
ology to detect clusters by a two-pass Otsu filter [88] that not only worked to detect
clusters, but also to identify their respective cores and wakes, by means of image pro-
cessing techniques. This core-wake cluster definitions match with observations that
were reported by other authors in the past; namely that clusters are formed by a
dense particle core and a dilute particle wake [6, 81].

However, probably due to inappropriate cluster definitions or/and limitations of
the employed experimental techniques, contradictory patterns have been reported in
literature. Cluster size has been reported to increase [17, 18], decrease [6, 19] or even
remain constant [20, 21] when superficial velocity was increased. Thus, among our
goals is to provide results related to clusters, which properties do not depend on solid
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flow fluctuations and remain constant throughout the whole experimental domain as
well.

In this paper, dimensions and main features of the pseudo-2D riser reactor are
described. The methodology section consists of three subsections: in the first one the
details of PIV measurements are explained; in the second subsection, the novel DIA
method is introduced as well as the employed correlations are presented; and in third
subsection the background of cluster definitions is discussed in detail. Also a detailed
description of the employed cluster detection methods in this work is explained.

In the results section, characteristic features of riser hydrodynamics are presented,
namely solids volume fraction, solids mass flux and intermittency index. Moreover,
the convenience of using thresholds-based methods to detect clusters is discussed. The
influence of hydrodynamic parameters over cluster-related phenomena is analyzed as
well. To conclude, a summary of the most relevant contributions of this research will
be provided.

3.2 Experimental setup

The experiments were performed in a circulating fluidized bed, which is shown
and further described in section 2.2.1.1. This configuration provided a solids mass
flux of 32 kg/m2s when particles carryover was performed. The experiments were
recorded with a high resolution camera (LaVision ImagerproHS4M) of 2016 × 2016
pixels. The pseudo-2D riser dimensions are 1.5 × 0.07 × 0.006 m and it has a lateral
top outlet coupled to a cyclone, where gas and particles are separated. Glass beads
(ρs= 2500 kg/m3) of 0.8-0.9 mm are fluidized at room temperature and atmospheric
pressure. It has to be noted that Geldart D particles are employed for visualization
purposes.

The experiments were recorded at such a distance that a resolution of at least 2
pixels per particle was attained [73, 80]. Each experiment consists of two recordings,
one that covers the top-half of the reactor, and another recording the top-bottom half
of the pseudo-2D riser reactor.

3.3 Method

3.3.1 Particle Image Velocimetry

PIV is a non-intrusive technique that has been traditionally applied using small
tracer particles to collect information about the flow field. In fluidized systems, the
particle motion is clearly separated from the fluid motion. The application of PIV to
fluidized systems is aimed to measure the particle velocity and characterize the hy-
drodynamic behavior of pseudo-2D fluidized systems. By means of a cross-correlation
technique, the mean velocity of the particles inside an interrogation area between two
consecutive images is estimated with the equation given below [89]:

vp (x, t) =
sp (x, t)

M∆t
(3.1)
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where M , is the magnification factor, vp (x, t) the solids velocity vector and sp (x, t)
the solids displacement in a time interval ∆t.

It has to be noted that the time interval between the frames should be adapted to
the recording characteristics of each experiment. The quality of the PIV/DIA data
can be improved, when suitable parameters of the camera and trigger frequency are
set. The image frequency was optimized in such a way that the particle displacement
between images was not too large and trackable between adjacent interrogation areas.
Thus, the rapid movement of particles under riser flow conditions, required a time
frame of 1 ms for an optimal solids velocity determination using PIV.

The time when the camera’s shutter is open to take a single image, is called the
exposure time. The illuminance of the image is proportional to exposure time, which
should be sufficiently high to distinguish the particles in the image and not too low
to avoid blurring of moving particles. An exposure time of 500 µs met the required
conditions.

To achieve sufficiently long recording times and not exceed the camera capacity, a
pulse generator was coupled to the high resolution camera. This apparatus generates
voltage signals to open/close the shutter of the camera. A signal function is fed to the
pulse generator to collect pairs of images with a frequency of 100 Hz. The internal
frame time between two consecutive images (for PIV computation) was 1 ms. In this
way, experiments of 4997 image pairs were obtained, covering a total experimental
time of 50 seconds. It has to be noted that each experiment was running for at least
3 minutes to reach steady state prior to starting the recording.

3.3.2 Temporal-histogram based DIA method

3.3.2.1 Method

THM post-processing technique is a suited post-processing algorithm for the hy-
drodynamic study of riser flows. THM builds pixel data histograms in the temporal
space. This histogram can be used to discard static image information and capture
only the dynamic features. In this way, irrelevant details of the image are automat-
ically discarded leading to a higher accuracy (by removing shadows, spots and light
gradients) in the solids volume fraction measurements.

This method performs a first processing pass to register minima and maxima
intensities of each pixel over all the images that are collected during a DIA experiment.
Then, each pixel intensity is normalized using its respective temporal data histogram
to quantify the particle area fraction that is covering the pixel. Each image was
windowed into 8 × 8 pixel grids to couple solids velocity field data supplied by PIV.
After windowing, the image intensity is correlated to solids volume fraction data by
means of the empirical equation shown below:

ϕs =


A ·B · tanh-1(ϕ2D

B ) for 0 < ϕs < 0.6

ϕs,max for ϕs > 0.6

(3.2)

The 2D-3D correlation integrates the influence of dp/D ratio of the pseudo-2D system
and f , that represents the particle intensity fluctuations [80] (Carlos et al., 2016). The
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particle intensity fluctuations, due to light reflections or even due to inhomogeneity
of the particles colour are modeled through this f variable, which has to be experi-
mentally determined. The dependency of all the mentioned parameters are collected
in constants A and B given by:

A(dp/D) = 0.6818 · dp/D + 0.081 · f + 0.024± 0.001 (3.3)

B = 0.99− 0.45f ± 0.01 (3.4)

The combination of PIV and the novel DIA technique enables the quantification of
solids mass flux in riser flow. The solids mass flux at each interrogation area is
computed as follows:

〈Gs〉 = ρs〈ϕs(x, t)vp(x, t)〉 (3.5)

3.3.2.2 Image characterization

The 2D-3D correlation that is expressed in terms of eqn. (3.2), was developed
by means of data calibration using synthetic images that were generated from CFD-
DEM data. In the synthetic images, particle and background phases corresponded
to minima and maxima intensities respectively. One of the basic features that was
assumed in the calibration of this technique was that particles’ intensity was lower
than background’s in all locations of the domain. In order to confirm this, maxima and
minima intensities are stored over the whole length of a single experiment. Evidence

Figure 3.1: a: Original image snapshot. b: Maximum intensity Field. c: Minimum
intensity field. d: Contrast or difference between maxima and minima intensity fields.

of the robustness of this method is shown in Figure 3.1. The maximum intensity field
closely corresponds to the image of the setup background when this is empty. Steel
scratches, sampling ports and other manufacturing imperfections are even captured
by image 3.1.b, which perfectly describes the reactor background. It should be noticed
that these intensity fields were registered during an experiment where particles are
present throughout the whole domain (as image 3.1.a shows). The minimum intensity
field is interpreted as the intensities of the particle phase.
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Thus, it can be assumed then that the calibration performed in a previous work
[80], is a suitable method to perform solids volume fraction measurements with the
visual characteristics we have in our experiments.

3.3.3 Cluster detection

Given that PIV/DIA techniques provide full-field data of solids volume fraction
and velocity, we can analyze the influence of operating conditions on the total degree
of heterogeneity. In order to do so, we suggest to use uniform thresholds of solids
volume fraction to detect clusters rather than thresholds based on flow fluctuations,
e.g. Soong and Sharma cluster definitions, or depend on data density distributions
(e.g. Yang and Zhu cluster definition). Since we attain full-field data of solids volume
fraction, we can easily apply an uniform ϕs threshold over the whole domain. Since
clusters have been found to consist of a dense core and a more dilute surrounding
particulate phase [6], we apply a double threshold definition in order to detect cluster
cores and wakes. The probability density distribution of solids volume fraction of one
interrogation area is shown in Figure 3.2: From Figure 3.2 we can see that the typical

Figure 3.2: Probability density distribution function of solids volume fraction data of
experiment at U = 5.95 m/s.

probability density distribution is nearly zero between solids volume fraction values
ranged between 0.3 and 0.59. The cause resides in the asymptotic behavior of eqn.
(3.2), which tends to ϕs = 0.6. Therefore, to distinguish the cluster cores, we set to
0.4 the cluster core threshold, which variability does not affect the number of detected
clusters. However wake thresholds around 0.1, led to occasional cluster overlapping,
making the cluster detection more complicated. To avoid cluster overlapping issues,
we assume that cluster wakes should be denser than ϕs = 0.2. Concerning cluster
size, we adopted one of the Soong criteria: Clusters should be bigger than one order of
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magnitude above the particle diameter to suppress too much noise in our parametric
study (so larger dense areas than 5.02·10−5 m2, corresponding value to a circular
area of 8 mm of diameter). Thus, denser areas than ϕs = 0.2 that had core regions
above ϕs = 0.4 (dense core) were detected as clusters. Although the selection of these
thresholds are by some means arbitrary, the provided measurements are not affected
by either system fluctuations or the density of the system.

Grayscales are directly correlated to ϕs data by eqn. (3.2). In an idealized case,
very dense regions would reach ϕ2D values very close to 1. However, we observe that
fully filled interrogation areas of 8 × 8 pixels, reach lower values than 0.99. This might
be due to reflections at the pixel level or small variations on the particles’ intensity
that slightly decrease the intensity of the fully occupied interrogation area. In a dense
experiment, we expect that there are always a few fully covered interrogation areas
along the height of the riser. Thus, if we register the ϕ2D values of interrogations
areas during an experiment it is expected that most of the interrogation areas will
have been fully covered at least once. In figure 3.3, a 2D bitmap of the maximum
intensity at the grid level (8 × 8 pixels) is shown. We see that clusters reach different
maxima ϕ2D values ranging between 0.91 and 0.98 approximately. We also plotted
the probability density distribution of ϕ2D values over 2,500 images. It can be noticed
that high ϕ2D values (dense phase) are more frequently occurring in an experimental
snapshot. We also see that the dense phase hardly reaches ideal values equal to 1 and
that the high peak starts from values ϕ2D > 0.92 approximately. When we apply the
cluster detection algorithm we do not want to miss out particle clusters that due to
reflections, prevent the realization of the ideal 2D value of 1. Accordingly we set a B
value of 0.92, which according to eqn. (3.4) corresponds with a f value of 0.156. For

Figure 3.3: 2D intensity histogram over 2,500 images of experiment at U = 5.55 m/s.

comparison purposes, two other cluster detection methods are also employed, namely,
a method based on the Soong criteria and one based on a two-pass Otsu filter [76]
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(the cluster size requirement from Soong’s criteria was common in all three cases).

Brereton and Grace introduced the concept of intermittency index [4] (γ), which is
defined as the ratio between the standard deviation of the local solids volume fraction
fluctuations and the one existing in a fully segregated flow with an identical time-
averaged value. An idealized fully segregated flow (γ=1), would be characterized
by clusters surrounded by a particle-free gas phase. If pure core annulus flow is
found (γ=0), this would be characterized by a sharp solids volume fraction gradient
between the riser core and the region near the walls. The study of this parameter
with operating conditions can be quite revealing when cluster detection is performed
[90].

As previously mentioned, Yang and Zhu employed a two-pass Otsu filter to detect
clusters [76]. This method is quite efficient to detect dense particle groups and requires
constant illuminance conditions, which have to be calibrated in advance. In our case,
constant illuminance conditions over the whole flow field are difficult to apply (due to
the large recorded area). Thus, we normalize the images with the temporal histogram
method and apply two local Otsu filters to discriminate clusters from the lean particle
phase, making use of a cluster search detection method suggested by Yang and Zhu
[76] In the results section, this method will be compared to two other cluster detection
methods (e.g. Soong and Sharma, and uniform core-wake ϕs thresholds) to observe
how the cluster definition can influence the properties of the identified clusters.

3.3.3.1 Cluster quantification

Experimental images were post-processed with a Matlabr script in order to com-
pute solids volume fraction (eqn. (3.2)), solids mass flux (eqn. (3.5)) and perform a
quantitative analysis of cluster properties.

The centroid, location, diameter and aspect ratio of all clusters are detected by
means of the Matlabr function “regionprops”. The centroid of each cluster corre-
sponds to the center of mass of a group of particles. To estimate this parameter,
the centered coordinates of the occupied interrogation areas of a cluster were-weight
averaged according to the image density.

By spatially binning the cluster-centroids the wall influence of cluster formation
can be investigated. The coordinates of the centroids are binned into 10 equally spaced
bins across the cross sectional direction of the system. The number of centroids in
each bin are determined. Another way to determine the spatial distribution is the
cluster time fraction, Fc. This number is computed for each interrogation area. It is
the fraction of time an interrogation area is residing in the cluster phase.

Last, the cluster volume fraction (m3 of cluster phase/m3 of riser.), ϕcluster, is
computed as the total volume of solids in clusters divided by the total volume of the
riser. By dividing the cluster volume fraction by the average solids volume fraction,
ϕcluster/ϕs, the cluster hold up is obtained, i.e., the fraction solids that is part of
clusters.
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3.4 Results and discussion

3.4.1 Fluidization regime

To clearly identify the fluidization regime of our experiments we have comple-
mented our experiments with pressure drop measurements. These have been per-
formed at two centimeters above the gas distributor. Although we have full visual
access to the flow field, in industrial units, visual analysis is not possible to perform
and pressure sensors are extensively employed in order to characterize the fluidiza-
tion regime. These experiments were performed at a constant solids mass flux of 32

Figure 3.4: Pressure drop data vs superficial velocity.

kg/m2s over a range of gas superficial velocities. In Figure 3.4, when increasing the
gas superficial velocity, a sudden increase of the pressure drop standard deviation
occurs around 0.9 m/s, the point at which bubbling fluidization (BR) starts. Beyond
this point and upon further increasing the gas superficial velocity to approximately
2.8 m/s, a maximum in the standard deviation of the pressure fluctuations (σ) is
found, revealing that the transition point between bubbling and turbulent regimes
takes place [82, 90]. The onset of the turbulent fluidization regime is reached when
the pressure drop oscillations start to decrease with the gas superficial velocity. For a
broad range of U, the experimental recordings describe a turbulent regime (TR) with-
out carryover of particles to the top of the riser. The flow, under these conditions, is
characterized by a continuous gas phase, where particle aggregates form and slug flow
takes place. Bai et al. [90] determined that a gradual decrease in σ is a sign of that
fast fluidized regime was reached with Geldart A particles, while conveying regimes
were characterized by a constant σ value. However, for our particles (Geldart D) we
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find that σ is continuously decreasing, even at turbulent regime conditions, within the
range U = 2.8-5.16 m/s. In our experiments, particles carryover was possible at veloc-
ities beyond U = 5.16 m/s (UTR - onset velocity of particles transport). Although the
pressure drop decreases at slightly lower velocities, partial carryover of the particles
was not possible till U = 5.16 m/s. As Figure 3.4 shows, the pressure drop, which
has been approximately constant during the whole turbulent regime, starts to drop
as soon as the solids inventory in the riser is reduced (FF - fast fluidization regime).
When further increasing the velocity the pressure drop reduction becomes sharper
and the pressure drop fluctuations decrease as well. Very occasional cluster formation
takes place under these conditions, where particles heavily collide with the top wall,
generating a solids reflux.

The PIV/DIA experiments that are presented in this manuscript are done under
the following U = 5.16, 5.55, 5.95, 6.35 and 6.74 m/s, i.e., in the turbulent to fast
fluidization regime.

3.4.2 Solids volume fraction

3.4.2.1 Full field hydrodynamic data

In this subsection we display an example of a full-field data set of a single experi-
ment. The aim is to show that the combined PIV/DIA technique is able to generate
hydrodynamic data of the whole experimental domain. In Figure 3.5, we show the

Figure 3.5: 2D-field of time-averaged solids volume fraction. U = 5.95 m/s and Gs=32
kg/(m2s).
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2-D field of the time-averaged solids volume fraction data in a single snapshot. Such
a data set provides complete information of the spatial solids distribution of the ex-
periment, making feasible the detection of particle clusters in the whole system. It
can be seen that denser regions are located close to the walls, whereas the core of the
reactor is very dilute describing well the core-annulus behavior attaining fast fluidiza-
tion regime. This is consistent with the pressure measurements at U = 5.95 m/s (see
Figure 3.4).

3.4.2.2 Axial profiles

Axial profiles of time-averaged solids volume fraction were obtained at different
gas superficial velocities. In Figure 3.6, it is illustrated that an increase in the gas
superficial velocity decreases the solids holdup of the system. As it has been previously

Figure 3.6: Axial profile of time-averaged solids volume fraction.

explained the solids mass flux in the system was regulated by a small opening in the
recycling pipe. It has to be noted that in the experiment corresponding to the lowest
U = 5.16 m/s, only few particles were carried over to the top of the reactor, leading
to solids accumulation at the bottom. These densified regions were also present at the
lateral inlet, blocking the particles feeding point after reaching steady state. Thus, it
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is more correct to say, that in this experiment, the system experienced a fluidization
regime (where particles carryover was not complete), with a solids mass flux smaller
than the value that is achieved at higher superficial velocities when there is a full
carryover of the solids (32 kg/(m2s)).

At this transition point (see UTR in Figure 3.4), the experiment is characterized
by a high solids content at the bottom of the reactor, with a flat axial profile from the
bottom region till a height of approximately 0.5 meters. This can be a sign of satura-
tion of the particle carryover at the densest region of the system. Beyond this point,
the profile decreases along the axial direction describing a quasi-sigmoidal shaped
edge between the dense solids bed and the freeboard section. This transitional shape
has been previously associated by other authors to transient states from turbulent to
fast fluidization regime [41, 91].

In the rest of the experiments, the sigmoidal profile is lost and a gradual drop
along the axial direction in the solids volume fraction is found instead. Beyond the
minimum transport velocity, a rise in the superficial velocity, decreases the solids
content of the system, measuring lower pressure fluctuations as well (see also Figure
3.4). At a further increase of the superficial velocity to U = 6.74 m/s, particles travel
upwards, even close to the walls, leading to solids volume fraction values below 0.02
at the freeboard section. Such low values of 〈ϕs〉, can be characteristic of pneumatic
transport regime for this type of particles as Bai et al. suggested [90].

3.4.2.3 Cross sectional profiles

Since the PIV/DIA technique supplies full-field data, we can also analyze the
cross-sectional profiles of solids volume fraction at different axial locations. In Figure
3.7, cross-sectional profiles at 4 different heights throughout the axial dimension of
the pseudo-2D riser are plotted at different U values. It can be seen that at U = 5.16
m/s and 0.5 meters over the gas distributor, the solids density of the system is very
high, reaching values up to ϕs = 0.34 approximately. It is noticed that the profiles
describe a symmetric U-shaped profile. At axial coordinates beyond 0.8 meters, the
solids holdup becomes significantly lower, what could delimit the edge between dense
and freeboard sections under such operating conditions.

Further increasing the superficial velocity, at U = 5.95 m/s, the solids density
gradient along the axial direction becomes narrower, showing a very slight drop in
the solids volume fraction along the axial direction. In the experiment at U = 6.35
m/s, it can be seen that an asymmetry in the profiles is present at higher axial
positions. This is most probably due to the high impact frequency of the particles
with the top curved outlet, which opening is on the left side (at x = 0 m). Last, at
U = 6.74 m/s, the solids volume fraction profiles become flatter, indicating a very
dilute bulk phase at all locations of the riser.

3.4.3 Solids mass flux

Solids volume fraction and solids velocity vector fields were combined to compute
a solids mass flux field for each experiment. In each interrogation area the time-
averaged solids mass flux was computed by means of eqn. (3.5). In Figure 3.8, the
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Figure 3.7: Time-averaged solids fraction profiles at different superficial velocities at
several gas superficial velocities.a) U = 5.16 m/s. b) U = 5.55 m/s. c) U = 5.95 m/s.
d) U = 6.35 m/s. e) U = 6.74 m/s.

time-averaged solids mass flux vector field is plotted. It has to be noted that the time-
average was performed during steady state of each experiment. There, we observe that
the solids mass flux profiles develop along the axial direction. At the very bottom, the
solids flow upwards at the riser core, while there is a strong solids downflow close to
the walls. This trend gradually changes along the riser height. Above the top-half of
the riser, the developed solids mass flux profiles are characterized by flatter profiles.



50 3.4. Results and discussion

Figure 3.8: Full field solids mass flux profile. U = 5.95 m/s and Gs = 32 kg/(m2s).

3.4.3.1 Cross sectional profiles

In the following set of figures, cross-sectional profiles of time-averaged solids mass
flux are shown. At U = 5.16 m/s, the solids motion is characterized by a very high
solids upflow in the center of the riser and downflow close to the reactor walls at the
bottom section of the system. At higher axial locations, the solids mass flux is close to
zero, since very few particles reach the top of the riser. In Figure 3.9a, it is seen that at
the top the solids mass flux is very close to zero, meaning that particles do not reach
the exit of the system. Thus, particles carryover does not take place under these
operating conditions and turbulent fluidization prevails. This feature is consistent
with previous shown results (see Figure 3.4 and Figure 3.7a). Upon increasing the
gas superficial velocity to 5.55 m/s, solids recirculation is possible, leading to dense
regions at the bottom and dilute ones in the top. In Figure 3.9b, the solids mass
flux increases at top positions, leading to a lower axial gradient of the solids mass
flux and the core annulus behavior is well described. Actually, Figures 3.9b, 3.9c and
3.9d show symmetric parabolic profiles that show a strong solids downflow close to
the walls. At U = 6.74 m/s (see Figure 3.9.e) it is found that solids mass flux profiles
adopt a biased shape, showing a solids upflow in the left part of the riser. It is worth
to note again that the lateral outlet is found on the left side of the system, what
causes a noticeable drop in the solids mass flux profiles on the top-right side due to
the constant impact of particles with the curved stainless steel. The solids mass flux
profiles describe a net solids upflow, even at the closest interrogation areas to the wall



3.4. Results and discussion 51

Figure 3.9: Cross-sectional profiles of time-averaged solids mass flux at several gas
superficial velocities. a)U = 5.16 m/s. b) U = 5.55 m/s. c) U = 5.95 m/s. d) U =
6.35 m/s. e) U = 6.74 m/s.

for z = 1.1 and 1.4 meters. This result is consistent with previous results (see Figure
3.4 and Figure 3.7e).

It has to be noted that the net solids mass flux in axial direction was always
conserved within Gs = 32 ± 12.8 kg/m2s, when particles carryover took place (ex-
periments b,c,d and e). However, it is observed that in densest bottom regions the
deviation was even larger (up to 56 kg/m2s in densest bottom regions). It has to be
noted that the solids volume fraction measurements have an error up to 18.33 % [80].
This deviation resides in the difficulty to measure ϕs between 0.3 and 0.6, where eqn.
(3.2) tends to an asymptote ϕs= 0.6. This error is propagated into the computation
of the solids mass flux. Although significant efforts have been made to elucidate the
specific cause of this error built up in time, the only found explanation is that the
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solids volume fraction of mild dense phase (ϕs= 0.3-0.6) travelling upwards is system-
atically overestimated to 0.6. For this reason, time-averaged cross-sectional profiles
of solids mass flux have been only reported above a height of 0.5 meters, where the
mass balance closes under tolerable margins. Thus, we do find this method suitable
to measure time-averaged solids mass flux only under dilute riser flow conditions.

Observing Figure 3.4, it can be seen that the pressure fluctuations decrease more
gradually when the gas superficial velocity increases from 6.35 to 6.74 m/s, providing
a feature that suggests regime transition from fast to conveying fluidization regime
[18]. Thus, we assume that these experiments cover turbulent regime and fast flu-
idization regimes. Although, a very dilute an homogeneous flow is attained at U =
6.74 m/s, we observe that there is a solids downflow close to the right wall due to
to the solids impact with the top wall. This subtle feature refrains us to say that
conveying fluidization is reached.

3.4.4 Cluster quantification

3.4.4.1 Full field cluster detection

Full field visual access and an accurate measurement of the solids volume frac-
tion data field makes reliable cluster detection possible. In Figure 3.10b, we show an
instantaneous snapshot of an experiment where few clusters are detected by setting
uniform core-wake thresholds. In the introduction, different cluster concepts reported
in literature were mentioned. It has to be noted that our observations are in accor-
dance with those of other authors [6, 76]. These are that clusters are ellipsoidal groups
of particles, composed by a dense core and a dilute phase. Green circles represent
clusters flowing upwards whereas red ones represent clusters falling downwards. In
Figure 3.10, we show detected clusters using the three different methods that were
introduced in a previous section (core-wake thresholds, Yang method and Soong cri-
teria). The same experimental image has been employed to illustrate the influence of
the cluster detection method. Noticeable differences can be observed. When we apply
Soong criteria, we observe in Figure 3.10b that cluster regions do not correspond to
those regions exhibiting a solids volume fraction above 〈ϕs〉+n ·σ (see Figure 3.10a).
For instance, in Figure 3.10a, it can be observed that dilute clusters located at the
middle of the riser are identified as clusters. This is a consequence of the low thresh-
olds when Soong criteria are applied. In this area a more homogenous flow prevails
and lower ϕs thresholds are computed in the most dilute regions of the system. This
feature has a direct impact on the cluster frequency quantification when Soong crite-
ria are applied, since this could lead to the detection of dilute groups of particles at
the riser core, while there are significantly denser clusters close to the walls.

In Figure 3.10b, a core-wake threshold is applied to detect clusters. The novel DIA
technique enables the detection of particle clusters that meet the same criteria at all
locations and independently of the flow intermittency or uneven lighting. All clusters
with ϕs above 0.2, which also have a dense particle core above 0.4 are identified in
the snapshot. Furthermore, it can be noticed that detected clusters are denser than
their surroundings.

In Figure 3.10c, clusters detected with the Yang method are shown. It has to be



3.4. Results and discussion 53

Figure 3.10: Snapshot of detected clusters in pseudo-2D riser at U = 5.95 m/s. a)
Soong criteria [22]. b) Core-wake method. c) Yang method [76].

noted that a two-pass Otsu filter was applied after image normalization in order to
detect clusters. It can be observed that different entities than in Figures 3.10a and
3.10b are detected. A first Otsu filter was employed to detect the dense phase of the
riser, for which a second Otsu filter was applied. It can be noticed that densest regions
of the system are efficiently detected. However, in our experiments, it is observed that
thresholds computed with the Yang method significantly change between images. This
is due to the fact that the image density data distributions change over time and
therefore cluster definition changes as well. So cluster detection methods based on
uniform thresholds (core-wake method) of solids volume fraction are more suited for
quantitative purposes.

3.4.4.2 Intermittency index

To further characterize our experiments, the intermittency index is computed over
the full flow field. From Figure 3.11, it can be seen that in more dilute areas, the
intermittency index is lower in comparison to the bottom regions of the riser, indicat-
ing that the solids flow is more homogeneous and “cluster-like” flow is less frequent.
Figure 3.11 illustrates that at higher superficial velocities, ϕs fluctuations decrease,
revealing that the system’s homogeneity increases and clusters are less prevalent. It is
also noticed that, similarly to other variables, the height influence becomes less signif-
icant at high superficial velocities, the profiles become flatter, and the axial gradient
of the intermittency index decreases. In accordance with previous authors’ findings



54 3.4. Results and discussion

Figure 3.11: Intermittency index vs gas superficial velocity. a) U =5.16 m/s. b) U =
5.55 m/s. c) U = 5.95 m/s. d) U = 6.35 m/s. e)U = 6.74 m/s.

[4, 50] a higher gas-solid interaction leads to a more homogeneous system.

Brereton et al. found as well an important influence of the axial position on the
flow fluctuations. These were significantly higher in the bottom regions, where the
flow was still developing. Whereas, at higher axial coordinates, the flow became more
homogeneous. These findings corroborate the reported results in Figure 3.11 at the
lowest superficial velocities. Thus, it indicates that under fast fluidization conditions,
development of cluster-like structures in the top section of the riser is less likely to
occur.

However, contrary to Issangya et al. and Brereton et al. findings [4, 92], the stan-
dard deviation of solid volume fraction fluctuations do not systematically drop close
to the wall. This is probably due to the fact that Geldart D particles are fluidized in
our experiments. Moreover they describe a more cluster-like flow, without formation
of a continuous solids layer flowing downwards in the annulus of the system.
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3.4.4.3 Clusters characterization

In this section, results on cluster characterization are shown. Thus, we report
cluster-related properties for qualitative analysis.

Clusters frequency

In this subsection, we perform the core-wake cluster detection and quantify the
cluster frequency. In this way, only clusters with internal solids holdup above 0.2 and
core solids volume fraction above 0.4 were detected.

These results confirm that clusters are more prevalent close to the walls while
the riser core is always more dilute within the fast fluidized regime. When the gas
superficial velocity is raised, cluster formation is less frequent. Figure 3.12 shows
that a cluster detection method based on solids volume fraction threshold provides
consistent results with previously reported findings, i.e. intermittency index (Figure
3.10).

Figure 3.12: Clusters per frame vs riser width.

Cluster time fraction

In Figure 3.13 we also show the cluster time fraction of the five performed exper-
iments. We observe that cluster phase is highly present at onset velocity of particle
transport (UTR), reaching values close to 50 % of the duration of the experiment, in
the bottom region close to the walls. The cluster time fraction decreases at higher
superficial velocities and axial positions. We can see as well that bottom and free-
board sections are quite distinguishable at low velocities, while these quantitative
differences become significantly less pronounced at U = 5.95 m/s. Under pseudo-
pneumatic transport (U = 6.74 m/s), cluster time fraction is very low, with rare clus-
ter detection events on the right side of the domain. As it was previously explained,
here we capture again the cluster formation due to the high collisional frequency of
the particles with the top curved wall, which right side is bended towards the outlet
on the left side.



56 3.4. Results and discussion

It is therefore noted that the cluster time fraction strongly depends on the height,
and the superficial velocity. In this way we can confirm that the obtained constant
profiles by other authors of the cluster time fraction at changing operating conditions
can be a consequence of the employed criteria to detect clusters, as other authors
already suggested [77, 3].

Figure 3.13: Cluster time fraction. a) U =5.16 m/s. b) U = 5.55 m/s. c) U = 5.95
m/s. d) U = 6.35 m/s. e)U = 6.74 m/s.

Cluster size and holdup

In this section, the cluster phase holdup has been quantified according to defini-
tions mentioned in section 3.3.3 From Figure 3.14, it can be seen that at 5.16 m/s, the
cluster holdup is around a 60 % of the total solids volume in the system, whilst it is
almost zero at conveying fluidization conditions (U = 6.74 m/s). The solids content
in the experimental unit changes with operating conditions.

The average cluster mass significantly decreases with increasing the air to solids
mass flux ratio. Close to turbulent fluidization regime conditions, clusters are much
larger than those formed under fast fluidization conditions.
Internal solids volume fraction
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Figure 3.14: Left: Cluster holdup. Right: Cluster Mass and Size.

By means of this technique, interrogation areas that are occupied by clusters have
known values of solids volume fraction. We spatially average the solids holdup of
these areas to compute the mean cluster solids holdup. We observe in Figure 16 that
identified clusters have internal solids volume fractions between 〈ϕs〉 ranging from
0.25 to 0.6 approximately.

In Figure 3.15, cluster mean solids holdup is plotted versus the centroid location
in the horizontal direction. From this figure we can see that clusters are more dilute
in the core of the riser, whilst denser clusters are only present close to the walls.

Figure 3.15: Left: Cluster bulk density vs centroid location. Middle: Cluster area
vs centroid location. Right: Cluster particle number vs centroid location (U = 5.95
m/s).

In Figure 3.15, we can see as well that the heaviest clusters are concentrated close
to the walls, while the lightest ones are located in the core of the domain. We can
perceive as well that cluster centroids slightly shift from the walls to the center when
they grow in size as well as they are larger near the walls than in the core.
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Cluster aspect ratio

Figure 3.16: Left:Clusters aspect ratio vs cluster size. (U = 5.95 m/s).Right: Cluster
aspect ratio vs cluster velocity.

It has to be noted that results in Figure 3.16 are merely reported for qualitative
analysis, since clusters aspect ratio are highly influenced by the geometrical charac-
teristics of the pseudo-2D experimental unit.

However, certain observations can be made. According to Zou et al. there exists
a certain tendency of the biggest clusters to have higher aspect ratios [93]. Clusters’
aspect ratio seems to be independent of their mean velocity and size.

Cluster velocity

By means of PIV/DIA, we can systematically identify clusters and measure their
velocity. In Figure 3.17, we show a snapshot sequence of three clusters falling down-
wards close to the walls and another travelling upwards in the core region. We infer
as well how particles impact on the falling clusters and some others circumvent the
clustered region (with vectors pointing outwards the cluster trajectory). The ex-
perimental technique provides the cluster velocity and cluster internal solids holdup.
In Figure 3.18, we plot the velocity and mass of 500 clusters approximately at U
= 5.95 m/s. We observe that most clusters have a negative velocity, regardless of
their mass. We also notice that there is a certain tendency of biggest clusters to
fall downwards instead of travelling upwards. At U = 5.95 m/s, clusters velocities
are registered to range between +2 and -2 m/s with significant higher frequency of
clusters falling downwards. Whereas, under pseudo-pneumatic transport conditions,
cluster velocities are much lower in terms of magnitude, either they are positive or
negative. Besides, the heaviest cluster is up to 4,650 particles approximately, while at
U = 5.95 m/s is composed of around 9,730 particles approximately. As Figure 3.19
illustrates, clusters fall downwards close to the walls, while these flow upwards in the
core.
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Figure 3.17: Snapshot sequence of moving clusters. In the snapshot we observe an
experimental image superimposed with the instantaneous particle velocity vector field.
Time difference between the frames is 0.01 seconds.

Figure 3.18: Left: Cluster Mass vs Cluster Velocity. Right: Cluster Velocity vs x/W
location. U = 5.95 m/s.

In Figure 3.19 (U = 6.74 m/s),we see that most of the clusters are formed in
the right side of the domain and their mean velocities range between -0.5 and +0.5
m/s. Under fast fluidization conditions, core-annular shape of the cluster distributions
holds. However, a flat profile is attained at U = 6.74 m/s. Thus, the superficial gas
velocity has a strong dependence on the cluster characteristics.
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Figure 3.19: Cluster Mass vs Cluster Velocity. Right: Cluster Velocity vs x/W loca-
tion. U = 6.74 m/s.

3.5 Conclusions

The application of a novel DIA technique, enables a full-field hydrodynamic study
under riser flow conditions. Full-field solids volume fraction, solids mass flux and
cluster-related parameters have been reported. Experiments under turbulent, fast
and pseudo-pneumatic regimes have been extensively characterized and distinguished
by means of a combined PIV/DIA technique. Besides, this study provides insight
about cluster identification and characterization due to the complete visual access of
the riser flow.

This paper shows how PIV/DIA technique can supply a detailed and extensive
experimental data. These data can, e.g., be used to validate CFD models predicting
riser hydrodynamics and clustering phenomena. Moreover, this technique has been
shown to be very powerful to evaluate cluster detection methods. It has been shown as
well that the cluster definition strongly affects experimental findings, especially when
operational conditions are changed. Although this issue has not been fully solved in
this paper, a suited correlation between image grayscales and solids volume fraction
data permitted to quantify the total number of clusters under diverse operating con-
ditions. This holistic feature enabled as well to evaluate the influence of operating
conditions over the total holdup of cluster phase and cluster time fraction in the sys-
tem. Furthermore, all existing clusters were characterized with their respective size,
aspect ratio, internal solids volume fraction and velocity.



Chapter 4

CFD-DEM simulations and experimental validation of
clustering phenomena and riser hydrodynamics

Abstract

A combined numerical and experimental study of riser hydrodynamics is reported for
the fast fluidization regime. The experimental data sets are used for validation of the
CFD-DEM simulations. Special attention is paid to the formation of heterogeneities
in the particle distribution, i.e., the formation of clusters. Application of Particle Im-
age Velocimetry (PIV) in combination with Digital Image Analysis (DIA), provides
a complete data set for the particle flow in a pseudo-2D riser. A CFD-DEM model is
employed to simulate the co-current gas-particle flow. Particle clusters are detected
and characterized in our CFD-DEM simulation results and compared to experimen-
tal data. Core-annulus flow is well predicted by the model and other hydrodynamic
parameters such as cluster frequency, internal solids volume fraction and aspect ratio
were also in good agreement with experimental data. *

*This chapter is based on: Carlos Varas, A.E., Peters, E.A.J.F. & Kuipers, J.A.M. (2016). CFD-
DEM simulations and experimental validation of clustering phenomena and riser hydrodynamics.
Published online in Chemical Engineering Science, http://dx.doi.org/10.1016/j.ces.2016.08.030.
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4.1 Introduction

Circulating fluidized beds are widely employed in industry for gas-solid contacting
operations. These systems consist of a riser unit, where usually the main reaction
takes place; and a downcomer that could be either employed as a reservoir or as
a reactor in which a secondary process takes place. Particle collisions promote the
formation of particle clusters, which is especially important close to the walls of these
systems. It is known that clusters generate a poor contacting between the gas and
solids phase, leading to severe process efficiency losses. Thus, an accurate prediction
of cluster-related properties is essential to attain an accurate prediction of riser reactor
performance.

For this aim, riser hydrodynamics have been extensively investigated over the last
decades. Mass and heat transfer phenomena sensitively depend on riser hydrodynam-
ics. Gas and solids phase contact efficiency has been shown to significantly influence
the performance of riser reactors [21]. Thus, an accurate representation of clustering
properties is believed to be essential to accurately predict the overall conversion rates
of chemical processes [94]. Clusters have been detected by means of optical probes
in riser flows [20, 22, 23] using Soong et al. cluster criteria [22]. Despite all studies
reported in literature, clusters do not have a clear definition [77] and it has been
suggested that cluster definition based on local flow fluctuations is not suitable to
quantify clustering [3, 21, 95]. Wavelet decomposition techniques seem to capture
well the meso-scale signals due to the presence of clusters, enabling in-depth anal-
ysis of operating conditions [24]. However, the detection of these structures is not
straightforward and are mostly limited to local or sectional measurements, without
providing an overall quantification of clusters of the whole system.

A lot of numerical studies have been reported in order to predict the performance
of fluidized systems. However, fully resolved simulations involve a very high com-
putational cost, making necessary the employment of closures for particle-unresolved
large scale simulations. Kinetic theory of granular flows [38] has enabled two fluid
model (TFM) simulations of relatively large CFB’s [36, 7, 35, 37, 39]. However, with
affordable grid resolution particle clusters can typically not be resolved. This makes
necessary to use an effective description of these mesoscopic structures. An example
of such a description is the energy minimization methods (EMMS) [41, 37, 42, 43].
Nowadays, energy minimization models seem to be well accepted in the field to predict
time-averaged solids content of riser systems; and clustering in riser flows. However,
there are still some uncertainties about the accuracy of EMMS models to predict
cluster-related properties, such as cluster size and porosity [96]. This is mainly due to
assumptions that are implicit in EMMS models; some of these are that clusters have
uniform density and equal to minimum fluidization packing fraction [97]; clusters are
spherical, homogeneously dispersed structures that interact with a lean surrounding
phase [98]; and no consideration is taken regarding particles rotation, which can be
an additional cause of energy dissipation [99]. TFM coupled to EMMS [96, 100] and
stochastic Eulerian-Lagrangian models have been shown to predict well core-annular
flow and some cluster parameters quantitatively at a limited number of axial positions
and operating conditions [101, 102].

In CFD-DEM particle displacement and collisional forces are fully accounted for to
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capture the dynamic density feature of clusters that cannot be simulated with Euler-
Euler models. In Euler-Lagrangian models, the particles motion is computed by means
of Newtons second law; collisional forces and gas particle interaction are determin-
istically computed. These phenomena are inherent to cluster formation. Therefore
CFD-DEM appears to be a suitable model to study cluster behavior. Nevertheless,
compared to TFM simulations, computational expenses are significantly higher, his-
torically limiting the application of CFD-DEM to small scale systems. Nowadays,
code parallelization techniques can be very promising to make feasible future large
scale simulations. Significant efforts are being made on the parallelization of CFD-
DEM codes [45, 103, 104], simulations of granular flows of 117 million of particles are
nowadays feasible [105].

Previous research has been performed in the frame of Euler-Lagrangian simula-
tions to predict clustering phenomena. It has been reported that particles do have
an irregular motion and can be transferred from dilute to dense phase and vice versa
[106, 107]. Tsuji et al. were among the pioneers in stating qualitative differences
regarding cluster population when Euler-Langrangian and Euler-Euler models were
employed [40]. Hoomans et al. [108] revealed the strong influence of collisional pa-
rameters on clustering phenomena. Cluster formation has also been related to high
slip velocities, revealing the influence of the non-linear drag force coefficient over
clustering phenomena [47, 109, 110]. Clusters form due to inelastic collisions [49],
whilst a higher gas-solid interaction leads to more homogeneous systems [50]. Com-
parison between Euler-Lagrangian computational models and experimental data of
cluster properties have been performed [36, 83, 101, 111] applying either Soong [22]
or Sharma [20] criteria without attaining an insight regarding the influence of oper-
ating conditions on cluster frequency or size, which could vary slightly due to the
imposed criteria to detect clusters. Little or no data have been found regarding val-
idation of the aforementioned cluster properties over the whole flow field. Thus, we
perform a full-field computational validation of riser hydrodynamics, including several
cluster characterization techniques.

According to experimental observations of Horio and Kuroki, clusters have a core-
wake structure [6]. This was also reported by other authors [82, 104]. Soong et al.
[22] and Sharma et al. [20] defined clusters as groups of particles, which internal solids
holdup was above 〈ϕs〉 + n · σ (where σ =

√
(〈(ϕs − 〈ϕs〉)2〉)) and size was at least

one order of magnitude above the particle diameter. However, previous authors have
argued [3, 21, 95] that cluster definitions based on solids volume fluctuations could
lead to erroneous identification of dense particulate structures due to the variability of
the employed threshold for solids volume fraction. Brereton and Grace [4] defined the
intermittency index (γ) to quantify the solids segregation under riser flow conditions.
Brereton and Grace [4] argued that the solids fluctuations under riser flow conditions
are higher when clusters are more frequently encountered, while these would be lower
in more homogeneous flows (e.g. continuous solid annulus or very dilute regions).

The objective of this work is to test the reliability of an Euler-Lagrangian model to
predict clustering phenomena, by performing a thorough comparison between compu-
tational and experimental data of hydrodynamic and cluster related parameters. Slip
velocity, shape, size, frequency or even the aspect ratio of clusters can significantly al-
ter local mass transfer effects through clusters or even change the gas phase residence
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time distribution in the system. Therefore it is of high interest to evaluate the accu-
racy of computational models to predict these cluster properties. For this purpose,
we employ a CFD-Discrete Element Model (DEM) to generate computational data of
a pseudo-2D riser system and perform a cluster search to characterize the prevailing
flow structures in the domain. In our previous work [95], we reported full-field ex-
perimental results of a compact pseudo 2D riser reactor. These data consist of axial
and radial profiles of solids mass flux and solids volume fraction at different axial
locations and superficial velocities. Besides, an extensive cluster characterization was
performed. In this paper, the reliability of a CFD-DEM model is tested with full-field
experimental measurements, including full-field measurements of cluster properties at
several gas superficial velocities.

4.2 CFD-DEM

A CFD- DEM has been employed to carry out simulations of the flow in a pseudo-
2D riser unit [80]. Navier-Stokes and continuity equations are solved to compute the
flow patterns of the gas phase by means of a finite difference method:

∂ (ερg)

∂t
+∇ · (ερgu) = 0 (4.1)

∂ (ερgu)

∂t
+∇ · (ερguu) = −ε∇P −∇ · (ετ )− Sp + ερgg (4.2)

The gas and solids motion is coupled via a sink term that involves the computa-
tion of the interphase momentum transfer coefficient by means of the Beetstra drag
correlation [112]:

Sp =
1

Vcell

Np∑
i=0

βVp
1− ε

(u− vp) D (r − rp) (4.3)

Two way coupling is performed by means of a regularized Dirac delta function D(r−
rp) , which maps the gas properties from neighboring Cartesian nodes to the particle
location to enable evaluation of the drag force. Moreover, changes in particle momen-
tum are fed back from the particle position to the surrounding Eulerian nodes using
the same regularized function [113].

The particle momentum is governed by the Newtonian equations of motion:

mp
d2rp
dt2

= −Vi∇P +
βVp

(1− ε)
(u− vp) +mpg + Fc (4.4)

Ip
dωp
dt

= Tp (4.5)

The particle collision forces are deterministically computed, by means of a soft
sphere model that was firstly proposed by [114] and first employed in a gas fluidized
system simulation by Tsuji et al. [115]. Gas turbulence was assumed to be insignificant
compared to the velocity fluctuations due to gas-particle interaction, following other
authors [47, 116]. Thus, a subgrid turbulence model was not employed.
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4.3 Simulation conditions.

The dimensions of the simulation domain that correspond to the experimental
pseudo-2D riser plus the lateral outlet, these are 1.57 × 0.07 × 0.006 m. In the
experimental riser the outlet of the system is connected to a cyclone, where the gas-
solid separation takes place. 0.8 mm glass beads were fed at an axial position of 7 cm
above the gas distributor of the riser. The particles were fed from a storage vessel via
a dosage slit with a small opening at the bottom-left side of the experimental unit. To
facilitate smooth solids feeding to the riser, the particles were fluidized in the storage
vessel at velocities close to umf (around 0.52 m/s). In experiments, the solids mass
flux entering into the riser was determined by measuring the total height loss of the
solids inventory in the downcomer in a time period of around 5 seconds. The solids

Figure 4.1: a: Snapshot of experimental setup. b: pseudo-2D riser system in CFD-
DEM model.

mass flux at solids carryover conditions was of 32.0 ± 1.8 kg/m2s. However, when
the solids entry was occasionally covered by particles, continuous solids feeding was
not possible. In the same manner, this effect was implemented in the simulations.
The particles were placed into random positions of the bottom X-Y plane, which
area was equal to 0.07 × 0.006 m. An iterative procedure was placing particles into



66 4.3. Simulation conditions.

Table 4.1: Simulation conditions.

NX 28 dp (mm) 0.85 ± 0.05

NY 5 ρs (kg/m3) 2500

NZ 628 µg (kg/m·s) 1.8·10−5

X (m) 0.07 T (K) 298

Y (m) 0.006 ep-p 0.96

Z (m) 1.57 et 0.33

∆tGas (s) 5.0·10−5 ep-w 0.86

∆tDEM (s) 5.0·10−6 µfr 0.15

Gs (kg/m2·s) 5.0·10−5 kn(N/m) 1600

U (m/s) 5.55-6.74 P 1 atm

random positions of this plane. When a maximum of iterations (100) was reached
without successfully finding a spot for a new particle, this one was not inserted.
Thus, there could be occasionally lower solids mass fluxes than 32 kg/m2s due to the
aforementioned entry blocking effects.

A curved wall of particles was placed at the top of the simulation domain to
account for the influence of the lateral outlet that is present in the experimental
setup. At the top, front, back and right walls, no-slip boundary conditions were
applied. A prescribed inflow velocity u0 was applied to the bottom X-Y plane of the
domain. The left side wall (x=0) was subdivided into two regions: for the top-left
outflow region of 0.07 m the pressure P0 is described, and below this region a no-slip
boundary conditions was set as 4.1b illustrates.

The top curved wall consisted of non-moving particles to mimic a lateral outlet
present in the experiments. Gas and solid phases were leaving the domain at the
top-left side outlet to simulate a system that closely resembled the experimental unit.

Collision parameters were those reported by Hoomans et al. [49]. The normal
and the tangential restitution coefficient between the particles (glass beads) were 0.96
and 0.33, respectively. The restitution coefficient for the particle/stainless steel walls
was set to 0.86 (including the solid particulate top-wall). The grid cell size is chosen
to be about 3 particle diameters. In previous studies it has been shown that with
computational cells of 2-4 particle diameters the hydrodynamics of heterogeneous
(bubbling) gas-solid flows was captured well [117]. Additional simulation parameters
are specified in Table 4.1.

The total simulation time was 20 seconds. In the post-processing the first 10
seconds were discarded to exclude start-up effects. Beyond that simulation time,
pseudo steady state was attained. Simulation data were collected each 0.005 seconds.
Post-processing of simulation porosity data was performed to perform the cluster
search over all the output files. These files were treated as 2D data fields to mimic
the detection method performed in experiments (see Figure 4.2b).
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4.3.0.1 Cluster Detection

A fast fluidized bed is characterized by a dense bottom zone and a dilute free-
board region at the top. There is also a solids holdup gradient in the non-stream wise
direction with higher solids holdup close to the walls. As expected, solids fluctuations
also change along the riser domain [3, 4, 95]. Thus, constant solids holdup thresholds
were employed along the entire domain of the pseudo-2D riser. In this way, it was en-
sured a uniform definition of cluster and that the quantified cluster-related properties
were not only influenced by a changing definition along the axial and cross-sectional
directions of the riser.

Figure 4.2: The detected clusters. a) Experimental image b) Solids fraction field of
CFD-DEM simulation.

Both in experiments and simulations clusters are defined as connected regions with
local solids fractions larger than 0.2 everywhere that have a minimum (projected) area
of 60 mm2 and a dense core with at least one grid with ϕs > 0.4. A sensitivity analysis
of the used thresholds can be found in Appendix B. To not attain too much noise in
our measurements, only dense groups of particles that were one order of magnitude
above the particle diameter in size were identified as clusters. The area of 60 mm2

corresponds to an equivalent circle diameter of 8 mm. The detection of clusters was
performed by post-processing experimental recordings and simulation data by means
of a Matlabr script. In Figure 4.2, clusters can be observed in both experiments and
simulations. Green ellipses correspond to clusters moving upwards, while red ones
move downwards. It is noted that dense clusters are formed close to the wall and
tend to fall down, while big dilute strands of particles tend to move upwards.
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4.4 Results and discussion

4.4.1 Solids volume fraction

4.4.1.1 Axial Profiles

Figure 4.3: Axial profiles of the time-averaged solids holdup. a) U=5.55 m/s. b) U
= 5.95 m/s. c) U = 6.35 m/s d) U =6.74 m/s.
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Axial profiles of the solids volume fraction computed by means of the CFD-DEM
simulation are compared to experimental results previously reported [95]. A key
feature is that the comparison can be performed over the entire length of the riser,
as a result of the full field nature of our experimental technique. In Figure 4.3, it
can be seen that computational and experimental results are in close agreement. At
the lowest superficial velocity case (U = 5.55 m/s), simulations describe a slightly
denser region at the bottom of the reactor, while the top region is more dilute than in
experiments. At the highest superficial velocity case (U = 6.74 m/s), it is noted that
the model predicts a slightly more dilute system in comparison to the experiments.

4.4.1.2 Cross-sectional profiles

As part of a complete and a thorough validation of our model, cross-sectional pro-
files of the solids volume fraction are also compared at different superficial velocities
and axial positions (z = 0.8, 1.1 and 1.4 m). As expected, axial location and gas

Figure 4.4: Cross sectional profiles of solids volume fraction. a) U = 5.55 m/s. b) U
= 5.95 m/s. c) U = 6.35 m/s. d) U = 6.74 m/s.

superficial velocity have a strong effect on the solids concentration profiles. At low
superficial velocities, a pronounced solids holdup profile is captured between z = 0.8
m and top sections (z = 1.4) of the riser. Higher superficial velocities lead to more
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homogeneous systems with flatter profiles of the solids volume fraction.

As can be seen in Figure 4.4, experimental and computational results are quite
close to each other. A core-annulus shape is clearly visible in both experiments and
simulations, while a clear asymmetry is observed at the highest superficial velocity
case (U = 6.74 m/s). At such high velocities, the collisional frequency between the
particles against the top curved wall increases, and generates a solids downflow at the
right side wall (x/W=1).

4.4.2 Solids mass flux

Cross-sectional profiles of the solids mass flux are also illustrated in Figure 4.5. As
can be noticed, more significant differences can be perceived in these plots. Although,
in terms of magnitude, experimental and computational profiles are close (especially
at the riser core), qualitative differences are found close to the walls. These dif-
ferences become more pronounced at high superficial velocities, where simulations
describe flatter and less asymmetric profiles than in experiments. So we can say that
collisions with the top wall generate a stronger solids downflow in simulations than in
experiments at high gas superficial velocities. Solids volume fraction measurements

Figure 4.5: Cross sectional profiles of solids mass flux. a) U = 5.55 m/s. b) U = 5.95
m/s. c) U = 6.35 m/s. d) U = 6.74 m/s.

were obtained by means of a DIA technique which requires a 2D-3D correlation. The
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relation between the measured 2D intensity and the wanted (3D) solids volume frac-
tion is very steep beyond ϕs values of 0.3. This feature can lead to overestimation of
solids volume fraction measurements when dense particle structures are encountered
[95]. One of the reasons why the mismatch between experimental and computational
results occurs could be related to the experimental error in the solids volume frac-
tion measurements, which is entering the computation of the solids mass flux. Mass
should be conserved throughout the axial direction of the riser at steady state. How-
ever, solids mass fluxes computed by PIV/DIA were of 32 ± 12 kg/(m2·s), when
complete solids carryover was performed [95].

Particles motion is strongly affected by drag force and collisional parameters.
From the available drag closures, Ergun and Wen and Yu drag closure, was found to
overestimate the drag force in circulating fluidized systems as other authors previously
reported [118]. Thus, we employed the Beetstra correlation which was developed from
Lattice-Boltzmann simulations [112]. Accurate drag closures are being investigated
over the last decades and DNS studies of freely evolving particle structures under
high particle Re number are still under development [119, 120].

4.4.3 Clusters

4.4.3.1 Cluster Frequency

Clusters were detected along the entire length of the riser accordingly with the
method described in previous sections. The center of mass of each cluster was located
in the riser domain. The center of mass of all detected clusters was binned throughout
the width of the riser reactor. In Figure 4.6, the number of clusters per frame in each

Figure 4.6: Cluster frequency. Left: Experiments. Right: CFD-DEM simulations.

one of these bins is plotted. The number of clusters present corresponds well to
the experimental data in terms of magnitude. However, it can be noticed from the
experimental and computational results that more clusters are present close to the
walls in comparison to the core of the reactor, providing another evidence of the core-
annulus behavior that prevails in the riser. This is consistent with the asymmetries
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observed in the solids volume fraction and solids mass flux profiles. It has to be noted
that the total number of detected clusters does not correspond to the total number of
clusters that are formed in an experiment or simulation, since the cluster formation
is not specifically tracked. Thus, the total number of clusters are normalized by the
corresponding number of images or input files.

By any means, the Euler-Lagrangian model provides a relatively accurate estima-
tion of the cluster presence in the real experiment.

4.4.3.2 Clusters size and internal solids volume fraction

The mean cluster solids holdup can be easily computed once clusters are identified.
The solids volume fraction corresponding to the Cartesian cells that are occupied by
a cluster are averaged to obtain this property. Thus, the averaged cluster internal

solids volume fraction is ϕcluster = (
∑
ϕs

Noccupied
). In Figure 4.7, computational and

Figure 4.7: Cluster solids holdup vs cluster centroid width location. Left: Experi-
ments. Right: Simulations. U = 5.95 m/s.

experimental results are shown. In this case, we compare, the typical bulk cluster
solids holdup of the system at U = 5.95 m/s. Cluster centroids are plotted along the
dimensionless width of the pseudo-2D riser reactor in the abscissa, and their respective
mean solids volume fraction in the ordinates.

We can observe that the densest clusters reside only close to walls. Due to the high
slip velocities in the core of the system, clusters in the center of the system are rather
dilute. What can be noticed as well is that, in experiments cluster centroids are still
quite close to the walls at high solids holdup values. However, in simulations, cluster
centroids shift towards the center as long as their solids density is higher, conveying
that clustering could be a relatively slow process, which requires aggregation of many
particles to form a dense cluster core.

Figure 4.8, corroborates this observation. Clusters are heavier in simulations than
in experiments, reaching almost 8 grams by weight. Whereas, in experiments, the
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Figure 4.8: Cluster particle number vs cluster centroid. Left: Experiments. Right:
CFD-DEM simulations. U = 5.95 m/s.

heavier ones are mostly lighter than 6 grams. It could be that cluster lifetime is
longer in simulations than in experiments, promoting the cluster growth.

4.4.3.3 Clusters area

The projected cluster area was also quantified in an attempt to further characterize
the clusters that were formed in the system. The number of cells occupied by a

Figure 4.9: Cluster area probability distribution function. U = 5.95 m/s.

cluster was used to estimate their corresponding projected area. Figure 4.9 shows the
probability distribution function of the cluster area. Due to the used cluster-definition
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areas are always larger than 6.0·10−5 m2 so there is a cutoff on the left side of the
graph.

It is shown, that the cluster size distribution predicted by the model is close to
the one from experiments. The size distribution function shows that in simulations
larger clusters are formed than in experiments. This overestimation of large clusters
is balanced with an underestimation of smaller clusters, as Figure 4.9 illustrates.

4.4.3.4 Clusters aspect ratio

In Figure 4.10, we compare the aspect ratio of clusters. This parameter is obtained
by fitting clusters with an ellipsoidal shape by means of the Matlab ‘regionprops’
function. The degree of elongation of a cluster is characterized by the ratio between
the major and the minor axis of these ellipses. Clusters are usually found to have
elongated shapes, especially near the walls. In simulations, we observe that clusters

Figure 4.10: Cluster aspect ratio. Left: PIV/DIA experiments. Right: CFD-DEM
simulations. U = 5.95 m/s.

with an aspect ratio greater than 10 are formed close to the walls, and these are
especially larger near the left side wall, otherwise a quite symmetric distribution is
obtained.

4.4.3.5 Clusters velocity

To determine the velocity of a cluster, we proceed in similar manner as described
in the earlier section. Particle velocities of grids, which are occupied by each cluster
are averaged and weighted by their respective solids volume fraction. In this way, we
compute a particle-weighted cluster mean velocity. In Figure 4.11 (Left), we see a
cluster moving downwards close to the wall. A qualitative correspondence between
simulations and experiments is observed in this figure. We see that the particles inside
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the cluster move downwards, and others following the cluster trajectory are “sucked”
into the cluster. Near the cluster core, we also see that isolated particles collide with

Figure 4.11: Snapshots of cluster motion. Left: Particle velocity field from PIV-DIA
experiments. Right: Zoomed snapshot of a particle cluster from CFD-DEM with the
particle velocity field superimposed at Eulerian coordinates.

the cluster and move inwards (towards the riser core). This phenomenon can be driven
by the gas flow that tries to circumvent clusters rather than fully penetrating into the
cluster phase. In the snapshot, we see that CFD-DEM captures well these phenomena.

Figure 4.12: Mean cluster axial velocity vs centroid location over 1,000 experimental
images/output CFD-DEM files (around 4,000 clusters). Left: PIV/DIA experiments.
Right: CFD-DEM simulations. U = 5.95 m/s.

In Figure 4.12, we show cluster velocities from experiments and simulations at the
same operating conditions. We notice that in experiments and simulations, cluster
centroids describe a core annulus flow. In experiments, clusters close to the walls are
those which have a higher probability to fall downwards reaching velocities up to -2
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m/s, whereas, in the riser core, dilute clusters travel upwards with velocities up to
1.84 m/s.

The data clouds of the cluster mean velocities are comparable to those in ex-
periments. In simulations, it can also be noticed that centroids of clusters falling
downwards shift towards the center of the domain, possibly due to their larger size.
Clusters formed in the Euler-Lagrangian simulation have lower velocity magnitudes.
The cluster centroids also describe a core annulus-shape although clusters in the riser
core could reach lower velocities than in experiments.

4.4.3.6 Granular Temperature

It has been shown that CFD-DEM is an accurate model to predict complex clus-
tering phenomena. Thus, we further characterize clusters by relating their centroid
location to their corresponding granular temperature. Several researchers quantified
granular temperature in order to evaluate the velocity fluctuations of particles in riser
systems [39, 101, 107, 121, 122].

It is expected that velocity fluctuations are higher in dilute regions in comparison
to densely packed clusters, where particles tend to follow the same trajectory [121].

For each computational cell, the granular temperature θcluster was computed as
follows:

θ =
1

3




n∑
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(vp,x − vp,x)

mp,cell

+
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(vp,y − vp,y)
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+


n∑
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(vp,z − vp,z)

mp,cell


 (4.6)

where mp,cell is the total mass of all particles present in the cell, vp is the cell-averaged
particle velocity, vp is the particle velocity, and n is the total number of particles in
the cell.

These data were computed every 5 mili-seconds of simulation time and post-
processed to relate these data to the solids concentration of the system. Thus, instan-
taneous solids volume fraction data were binned into 67 classes ranging from ϕs = 0.01
to ϕs = 0.67. Corresponding values of granular temperature were particle-averaged
for each one of these bins. The results of this post-processing are shown in Figure
4.13.

In Figure 4.13, it is seen that the granular temperature reaches a maximum and
then decays in denser regions. Qualitatively, this is in good agreement with find-
ings reported by previous authors [101, 123]. We show the granular temperature of
around 4,000 clusters with their respective centroid width location (see Figure 4.13
(right)). It is expected that clusters in the core have higher mobility due to a more
intense interaction with the gas phase. However the data cloud near the walls do not
provide a clear visualization of this pattern. Thus, the average granular temperature
of core clusters (0.23<x/W<0.77) and wall-clusters (x/W<0.23 and x/W>0.77) was
computed. These amount to 58 and 46 cm2/s2 respectively.



4.5. Conclusions 77

Figure 4.13: Cluster granular temperature vs cluster centroid location. CFD-DEM
data.

4.5 Conclusions

In this chapter, we have shown that Eulerian-Lagrangian models are a suitable
framework to predict mesoscale particle structures under riser flow conditions. A
thorough validation of the model with full-field experimental data has been performed
under dilute fast fluidization conditions. Solids volume fraction and axial solids fluxes
computational data are in close agreement with experiments. We conclude that for
this case of riser flow CFD-DEM simulations are capable of predicting particle het-
erogeneities well when computational cell sizes of 3 particle diameters are used. This
is in agreement with earlier findings for bubbling fluidization [117, 124, 125].

In addition, we have shown that the cluster distribution predicts well the core-
annulus behavior of riser systems as well as it shows good agreement with experimental
data. However, solids mass flux profiles show some degree of mismatch with experi-
mental data. The reason of this could originate from the error propagation of solids
volume fraction experimental measurements into the solids mass flux computation
[95].

Clusters were characterized by their size, velocity, aspect ratio and size. The
distributions of all these properties were in close correspondence with experimental
results. Thus it has been shown that CFD-DEM can predict accurately key features
of heterogeneous riser flow, including cluster properties that have a key influence on
the quality of the gas-solid contact such as internal solids holdup, aspect ratio and
velocity. However, some CFD-DEM simulations over predict the amount of larger
clusters inside the system. Thus, more insight about the influence of drag force and
collision parameters on the cluster characteristics could be relevant to predict cluster
phenomena even more accurately.

These data sets cover only dilute riser conditions with Geldart D particles. Thus,
more full-field experimental references are needed to have a better overview of the reli-
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ability of Euler-Lagrangian models under different fluidization regimes and Archimedes
numbers. This investigation highlights the possibility to simulate accurately CFB riser
systems by means of CFD-DEM, without making unrealistic assumptions regarding
cluster properties that are needed in more coarse grained simulation methods. Clearly,
if CFD-DEM simulations are to be applied to bigger systems than our simple pseudo-
2D labscale riser efficient massively parallel CFD-DEM codes need to be used. These,
however, are currently being developed by several groups [126, 127, 128].



Chapter 5

CFD-DEM study of mass transfer mechanisms in riser flow

Abstract

In this paper we report a CFD-DEM simulation study on the interplay between mass
transfer and a heterogeneous catalyzed chemical reaction in co-current gas-particle
flows as encountered in risers. Slip velocity, axial gas dispersion, gas bypassing and
particle mixing phenomena have been evaluated under riser flow conditions to study
the complex system behavior in detail. The most important factors are found to be
directly related to particle cluster formation. Low air to solids flux ratios lead to more
heterogeneous systems, where the cluster formation is more pronounced and mass
transfer more influenced.

Falling clusters can be partially circumvented by the gas phase, which therefore
does not fully interact with the cluster particles, leading to poor gas-solid contact effi-
ciencies. Cluster gas-solid contact efficiencies are quantified at several gas superficial
velocities, reaction rates and dilution factors in order to gain more insight regarding
the influence of clustering phenomena on the performance of riser reactors. *

*This chapter is based on: Carlos Varas, A.E., Peters, E.A.J.F. & Kuipers, J.A.M. (2017).
CFD-DEM study of mass transfer mechanisms in riser flow. Submitted to Industrial & Engineering
Chemistry Research.
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5.1 Introduction

Mass and heat transfer phenomena under riser flow conditions have been widely
investigated during the last decades. The usage of mass and heat transfer coefficients
is essential in phenomenological and computational models to estimate the perfor-
mance of chemical processes in bubbling and fast fluidized bed reactors. However,
there is still a lack of understanding regarding the applicability of the different cor-
relations that could be employed to estimate mass and heat transfer coefficients in
fluidized systems.

Many mass transfer correlations for fluidized systems have been proposed to com-
pute the dimensionless mass transfer coefficient of a particle in a fluidized system
[26, 129]. Furthermore, Breault et al. reported that Sherwood numbers in riser flu-
idized systems can differ in several orders of magnitude [130], so it is evident that
there is not a unique and unequivocal equation to compute a mass transfer coef-
ficient for fluidized systems. The reason for this is thought to be the presence of
heterogeneities in the particle distributions that severely influence the flow patterns
and consequently the mass transfer to particles. Flow heterogeneities are especially
prevalent in riser flows, which are characterized by a core annulus flow involving a
rather dilute region in the core of the riser and a dense particulate phase close to the
walls. The dense solids phase can be either formed by a falling solids film (annulus)
or can be a more cluster-like flow, which intermittent behavior can be represented by,
e.g., an intermittency index [4]. When particle clusters are formed: low slip velocities,
gas back-mixing and poor gas-solid contacting are key hydrodynamic phenomena that
prevail.

Besides heterogeneities, another cause of disagreement between mass transfer co-
efficients reported in literature is caused by different model interpretations and/or
definitions of mass transfer coefficients. It should be noted that the obtained values
of mass transfer coefficients can be completely meaningful within the context of their
respective models. Although, these data should in principle not be used in other
scenarios where (completely) different hypotheses and/or modeling assumptions have
been taken.

In this paper, we generate insight about mass transport mechanisms related to
cluster formation and the causes of the aforementioned disagreement. For this pur-
pose we apply CFD-DEM simulations. CFD-DEM simulations not only can estimate
the global process efficiency of a riser reactor, but also provide detailed information
about cluster-related phenomena. The reason is that in CFD-DEM all particles are
explicitly modeled, but phenomena such as clustering of particles are emergent. This
means that closures for mass transfer are needed at the particle level only. Extra
mass transfer resistances related to the presence of particle clusters are a result of
the simulations. Thus, by means of a CFD-DEM, a detailed analysis is performed
regarding the influence of several mass transfer mechanisms on the performance of a
pseudo-2D riser reactor.

Frössling-type correlations have been reported to predict accurately the mass
transfer rate of a single particle immersed in a fluid flow [26, 131, 132]. This ex-
pression consists of two terms, where the first one represents the mass transfer rate
experienced due to pure mass diffusion phenomena, while the second term should be
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interpreted as the convective mass transfer contribution. These correlations asymp-
totically approach a constant value when Re → 0, usually to the particle Sherwood
number: Shp = 2.

Convection has a strong impact on the thickness of the momentum and mass
boundary layers, and for higher Reynolds number determines the mass transfer resis-
tance at the particle level [133]. Due to the thin boundary layer the particle Sherwood
number of an isolated particle at larger Reynolds number will be bigger than 2. The
driving force, in this case, can be defined as the concentration difference between the
gas concentration at the particle surface and the concentration of the bulk gas phase
(beyond the particle boundary layer). The Sherwood number of an isolated sphere
at an infinite dilution can be experimentally measured with relatively high accuracy
due to the fact that the driving forces are easily identified.

When particles are surrounded by other particles, such as in packed bed reactors,
the mass transfer is influenced significantly. At higher particle volume fractions the
length of the average diffusion pathway between gas and particle surfaces is smaller.
At a specified difference between the average gas concentration and particle surface
concentration this implies higher concentration gradients, larger fluxes and thus larger
Sherwood numbers (for the low Reynolds number contribution). At fixed particle
Reynolds number based on the superficial velocity the convective contribution to the
Sherwood number increases with increasing solids volume fraction because of the
increase of the interstitial velocity. Several heat/mass transfer correlations have been
reported in literature [134, 135, 136]. Gunn’s correlation, which is widely used in
literature [137], was developed from experiments in a packed bed reactor and a liquid
fluidized bed reactor. The Gunn correlation has also been shown to represent well the
fluid to particle mass/heat transfer in resolved simulations of dense [138] and more
dilute stationary particle arrangements [139, 140] as well as solid-liquid systems [141].

Note that the dependence on solids-volume fraction is different if a particle that
exchanges mass is surrounded by inert particles that do not exchange mass. Such
‘diluted’ systems have been employed to not reach saturated gas naphthalene concen-
trations [26] or to not reach too high conversion rates [142, 143]. Venderbosch et al.
[142] analyzed the influence of dilution ratios in a riser reactor, finding that particle
shielding effects are more severe at higher catalyst activities and higher concentration
of active particles. Particle shielding was found to play an important role on the
local driving forces, and these can significantly differ between diluted and undiluted
systems as other authors suggested [25, 26, 142]. The mass transfer correlations of
active particles surrounded by inactive ones are therefore quite different from that
for all active particles. The low Re contribution will decrease (instead of increase as
for all active particles) with increasing solids volume fraction. The reason is that due
to the shielding effect of the inert particles the effective diffusivity in the gas phase
is lowered. The high Re contribution is increased with an increased solids volume
fraction due to the increased interstitial velocity [25, 26, 111].

So, the presence of other particles significantly influences the mass transfer to in-
dividual particles. In, e.g., Gunn’s correlation, the influence of the presence of other
particles is incorporated by one parameter, namely, the solids volume fraction. It has
to be noted that Gunn’s correlation was obtained from experimental measurements
in a packed bed system and a liquid fluidized bed. However, in riser flows, particles
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may form heterogeneous structures and the gas solid distributions may not be as ho-
mogeneous as in a fixed bed reactor or a bubbling liquid fluidized bed. It should be
emphasized that Gunn’s correlation is valid if we assume that gas and solids distri-
butions are relatively homogeneous. Thus, in our simulations, Gunn’s correlation is
employed at a sufficiently small scale where the flow can be regarded as homogeneous,
e.g. the CFD-DEM cell size.

For heterogeneous systems, the distinction between the local particle mass transfer
coefficient and the global or overall (i.e. reactor length scale) mass transfer coefficient
should be made. A particle-based mass transfer coefficient is interpreted as the mass
transfer rate of a single particle that exchanges mass with the surrounding fluid phase,
where the driving force is defined by local concentration differences. At the same time,
an overall mass transfer coefficient can well represent the mass transfer rate at the
reactor scale. Here the driving force for mass transfer is globally defined e.g. by means
of a gas concentration cup-averaged over the reactor cross section. However, different
hydrodynamic models can be found in literature and consequently definitions of global
mass transfer coefficients could also differ.

Thus, the measurements of global mass transfer coefficients in fluidized systems
(e.g., assuming a 1D plug flow interpretation model) can be clearly different to Gunn’s
correlation predictions (using a global driving force) because the flow is heterogeneous
and local particle-scale driving forces are different from the global reactor-scale driv-
ing forces [144, 145](Wang et al., 2010, Dong et al. 2008a). Larger (than particle
level) scale hydrodynamic resistances can play an important role in mass transfer
phenomena [146, 147, 148, 149].

Breault et al. reported that Sherwood numbers in riser fluidized systems can differ
in several orders of magnitude [130]. This spread in reported values is likely due to
the presence of different levels of heterogeneity in different experiments. However,
another important cause of these differences is that different models and definitions
have been employed to report such Sherwood numbers. For instance, Subbarao and
Gambhir [150] utilized naphthalene deposition on sand particles at the bottom of a
riser as model experimental system to develop a correlation to compute an overall mass
transfer coefficient. In their work, circulation pattern effects are lumped into global
parameters of gas superficial velocity and solids mass flux. Wang and Li [151] used
a TFM-EMMS method to model the local heterogeneous flow structure. The model
was validated, using a particle-based Sherwood correlation [152], with experimental
measurements of naphthalene sublimation [151]. Venderbosch et al. [142] employed
CO oxidation as model reaction to determine mass transfer-limited rates of a diluted
fluidized system, where platinum supported FCC particles (catalytically active) were
mixed with unsupported FCC particles (inert). Sherwood numbers reported by the
previously mentioned authors can easily differ in several orders of magnitude and all
might be correct for their respective models.

In Appendix D, an overview of relevant publications related to mass transfer phe-
nomena on riser flow is provided. It can be noticed that CFD computational strate-
gies, which account for the flow heterogeneities, have become more popular in recent
years. However, the computational expenses of these models are still (too) high to
apply them at large industrial scale.

Thus, some attempts have been made to develop correlations that compute overall
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mass transfer coefficients that could be easily estimated under riser flow conditions
with known operating parameters such as the gas superficial velocity and solids mass
flux of a riser [147, 150, 153]. A lot of core-annular models have been developed to
predict the solids and gas distributions under riser flow conditions [31, 154, 155, 33]
and to estimate the performance of a riser reactor. However, these are mainly used to
model only fully developed sections of a riser and do not model complex flow structures
which are highly dependent on the physical properties of the particles and the reactor
geometry. It is known that riser hydrodynamics can be highly affected by the riser
diameter, entrance and exit effects and therefore more detailed models are required.
Thus, high precision CFD models are expected to describe riser flow hydrodynamics
more accurately and provide a complete picture of the system to facilitate design and
upgrading of riser reactors.

EMMS-based computational works have been employed to characterize flow het-
erogeneities [41, 156]. In this way, heterogeneity is modeled in Euler-Euler simula-
tions, which resolution scale can be significantly larger than the typical cluster size.
These (numerical) schemes are based on energy minimization based assumptions to
model flow heterogeneous structures. Analogous EMMS/mass transfer methods can
be employed to determine interphase mass transfer coefficients: from gas to particles
of a dilute phase, from gas to particles of the dense phase and from gas to cluster
surface [144, 145]. Other authors employed EMMS/mass transfer models to analyze
the influence of particle heterogeneity over the riser performance [44, 96, 157].

Although some of EMMS-based computational studies account for clustering phe-
nomena there are simplifying assumptions made. Some of these are: that clusters have
uniform density and equal to maximum packing fraction [97]; clusters are spherical
structures that interact with a lean surrounding phase, are homogeneously dispersed
in a control volume [98].

Some of these computational studies have suggested that global scale mass trans-
fer resistances are related to cluster formation [144, 149, 158]. However, these findings
are not explicitly supported with cluster scale level computations, such as the instan-
taneous gas-solid contact efficiency of particle clusters.

In riser flows, the definition of gas solid contact efficiency has been employed to
quantify the deviation of a riser flow from an idealized plug flow, where all catalyst
particles are fully exposed to the bulk fluid phase. The contact efficiency is not only
related to the exposed area of a single particle to the surrounding gas phase [32], but
also related to the particle exposure to reactant-rich gas phase that tends to circum-
vent dense particulate regions [159], and can retain gas pockets of highly depleted
reactant. In experimental works [155, 160, 27, 28, 161], inefficient contacting was pre-
sumed to be due to cluster formation since gas dispersion effects could be discarded
[142, 27]. In these cases, the quantification of gas-solid contact efficiency was com-
puted from time-averaged properties (solids volume fraction, reactant concentration
and gas velocity) without obtaining instantaneous data that confirmed these hypothe-
ses. Previous authors [149, 44] analyzed the influence of the reaction rate on the mass
transfer rate, which is reported to be less affected at lower values of kr [44]. The
difficulty to measure experimental data at cluster level has not allowed yet to confirm
these assumptions by a direct method.

It has been shown that CFD-DEM can be a very suitable model to predict riser
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hydrodynamics and complex clustering phenomena [162]. In this paper, different mass
transfer mechanisms are isolated using ozone decomposition as a model reaction. The
aim is to quantify their respective contribution to mass transfer-limited chemical
processes, and obtain a close relation between cluster formation and gas-solid contact
efficiency.

Besides this, we quantify the instantaneous gas-solid contact efficiency by relating
the ozone gas mass fraction inside the cluster and the bulk ozone gas mass fraction at
the cross section where each detected cluster is located. These results illustrate the
severe impact that clustering phenomena can have on gas-solid contacting and the
estimation of global mass transfer coefficients. By means of a CFD-DEM we confirm
show that clustering phenomena have more severe impact at higher reaction rates.

5.2 Methodology

A CFD-DEM has been utilized to resolve simulations of a pseudo-2D riser bed
reactor. The governing equations for the gas phase have been solved using a semi-
implicit finite difference technique [113]. Mass transport equations were added and
verified (relevant verification test cases are found in Appendix C). For the species
field the gas convection-diffusion equation has been solved as well:

∂ (ερg)

∂t
+∇ · (ερgu) = 0 (5.1)

∂ (ερgu)

∂t
+∇ · (ερguu) = −ε∇P −∇ · (ετ )− Sp + ερgg (5.2)

∂wA,g
∂t

+ (∇wA,g · u) = ∇ ·Deff
AB · ∇wA,g + Se (5.3)

The Zehner and Schlünder [163] model is used to evaluate the effective diffusivity:

Deff
AB =

1−
(√

1− ε
)

ε
DAB (5.4)

The gas and solids motion is coupled via a sink term that involves the computation
of the interphase momentum transfer coefficient by means of the Beetstra drag cor-
relation [70]. Additionally, gas phase mass balances are coupled to the mass balance
at the particle level by means of a sink term, where the mass transfer coefficient is
computed by means of the Gunn correlation [134]:

Sp =
1

Vcell

Np∑
i=0

βVp
1− ε

(u− vp) D (r − rp) (5.5)

Se =
1

Vcell

Np∑
i=0

kmt ·Ap (wA,g − wA,p) D (r − rp) (5.6)

where Ap and Vp are respectively the surface area and volume of a single particle, β is
the interphase momentum transfer coefficient and kmt is the computed particle-based
mass transfer coefficient by Gunn correlation.
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Two way coupling is performed by means of a regularized Dirac delta function
D (r − rp), which maps the gas phase variables from neighboring Cartesian nodes
to the particle location to enable evaluation of the drag force and the interphase
mass transfer coefficient. Moreover, changes in particle momentum are fed back from
the particle position to the surrounding Eulerian nodes using the same regularized
function [113].

The particle translational and rotational momentum is governed by the Newtonian
equations of motion:

mp
d2rp
dt2

= −Vi∇P +
βVp

(1− ε)
(u− vp) +mpg + Fc (5.7)

Ip
dωp
dt

= Tp (5.8)

The particle collisional forces are deterministically computed, by means of a soft
sphere model that was originally proposed by [114] and first employed in a gas fluidized
system simulation by Tsuji et al. [115]. Gas turbulence was assumed to be insignificant
compared to the velocity fluctuations due to gas-particle interaction, following other
authors [47, 116]. Thus, a subgrid turbulence model was not employed. Additionally,
no mass transfer exchange was taken into account during particles collisions.

A first order irreversible reaction under riser flow conditions was included in the
CFD-DEM to simulate ozone decomposition:

2O3 → 3O2

Pure ozone was fed from the bottom of the riser. It was assumed that ozone reacts
at the particle surface without taking into consideration internal mass transfer effects
throughout the particle volume:

dwA,p
dt

=

(
6

dp
Sh

DAB

dp
(wA,g − wA,p)− krwA,p

)
(5.9)

After integration, the particle ozone mass fraction can be expressed as follows:

wA,p (t) =

6
dp

ShDABwA,g

6
dp

ShDAB + krdp

[
1− exp

(
− 6

dp

(
Sh

DAB

dp
+ kr

)
t

)]
(5.10)

If we compute the characteristic time scale of the exponential term, assuming a 0.85
mm glass bead with a slip velocity of 1 m/s and kr = 10 s−1, we obtain that

t =
1

6
dp

(
ShDAB

dp
+ kr

) = 1.4 · 10−5seconds (5.11)

which is lower than the computational gas time step of our simulations (5·10−5 s). It
is noted that the computed characteristic time scale is an upper bound (when kr =
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10 s−1) in our set of simulations. So, for all other values of kr considered in this work,
this parameter is even lower. Since this reaction is fast compared to the gas residence
time in the system, the mass balance at the particle level is well approximated by:

6

dp
Sh

DAB

dp
(wA,g − wA,p)− krwA,p = 0 (5.12)

where the Sherwood number was computed by means of the Gunn correlation [134].
As for momentum, the ozone mass fraction is computed for all particles in the system.
The gas concentration wA,g, is interpolated from the neighboring Cartesian nodes to
the particles locations, which are represented as points and act as ozone sink sources.
As a result, the particle mass fraction wA,p is computed by means of equation 5.12
and the gas mass fraction is updated via two-way coupling [113].

Thus, the source term (equation 5.6) can be expressed as follows:

Se =
1

Vcell

Np∑
i=0

krkmt
6

dp
kmt + kr

·ApwA,gD (r − rp) (5.13)

5.2.1 Simulation conditions.

Figure 5.1 shows the simulation domain used. This consisted of a pseudo-2D
riser of 1.57 × 0.07 × 0.006 meters. Particles were fixed at the top of the simulation
domain to mimic the lateral curved outlet of an experimental unit published elsewhere
[162]. In the simulations, a system with a highly diluted ozone content is simulated.
Thus, physical properties of air gas are used in the simulations, and corrections for
molecular counter diffusion of reaction products are not needed. Besides, the reaction
is assumed to be equimolar and no heat effects are considered. More details about
the simulation settings and physical parameters used are listed in Table 5.1. During
the whole simulation Geldart D particles were placed at random x-y coordinates near
the bottom of the riser at a height of 2-3 times the particle radius above z = 0. The
insertion was only accepted if there was no particle overlap. The simulations were
performed under fast fluidization regime at several gas superficial velocities (U = 5.55,
5.95, 6.35 and 6.74 m/s) and a fixed solids mass flux rate of 32 kg/m2s. The particles
were inserted at random positions of the bottom X-Y plane of the simulation domain
at a velocity that was nearly zero (0.01 m/s). And the particles that reached the
lateral outlet, left the simulation domain.

At the top, front, back and right walls, no-slip boundary conditions were applied.
With a prescribed inflow axial velocity equal to U, gas was supplied at the bottom of
the domain. The left side wall (x=0) was subdivided into two regions: for the top-
left outflow region of 0.07 m the pressure P0 is described and Neumann conditions
were applied for the species field. Below this region no-slip and no-flux boundary
conditions were applied for the gas momentum and ozone mass fraction respectively,
as Figure 5.1 illustrates.
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Figure 5.1: Simulation domain.

5.2.1.1 Gas-solid contact efficiency

In order to quantify the gas-solid contacting it is necessary to provide a param-
eter that captures this effect, e.g. a contact efficiency. Otherwise, by assuming a
homogeneous system, e.g. ideal plug flow, overestimation of the conversion rate in
heterogeneous systems is likely to result. Contact efficiency could be determined by
assuming a riser as a steady state plug flow reactor [29, 159, 27, 149, 148]:

U
dwA,g
dz

= −KovwA,gϕs (5.14)

with a solution:

wA,g,z+∆z

wA,g,z
= exp

(
−Kovϕs ·∆z

Ug

)
= exp (−γpf ·Da) (5.15)
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Table 5.1: Simulation conditions.

NX 28 dp (mm) 0.85

NY 5 ρs kg/(m3) 2500

NZ 628 µg kg/(m·s) 2.0·10−5

X (m) 0.07 T (K) 298

Y (m) 0.006 ep-p 0.96

Z (m) 1.57 et 0.33

∆tGas (s) 5.0·10−5 ep-w 0.86

∆tDEM (s) 5.0·10−6 µfr 0.15

Gs kg/(m2·s) 5.0·10−5 kn(N/m) 1600

U (m/s) 5.16-6.74 P 1 atm

where ϕs is the averaged solids volume fraction in a slice of thickness ∆z, U is the
gas superficial velocity,Kov is the apparent volumetric reaction rate constant, γpf is
a gas-solid contact efficiency and Da is the Damköhler number defined as:

γpf =
Kov

kr
,Da=

krϕs ·∆z
Ug

(5.16)

The gas-solid contact efficiency γpf could be computed at different axial increments of
∆z, by quantifying the contact efficiency as the ratio between the apparent conversion
rate and the conversion obtained when a 1D plug flow model is assumed, ignoring any
heterogeneity.

In this paper, we perform CFD-DEM simulations to quantify the instantaneous
cluster-level gas-solid contact efficiency, which is the ratio between the gas ozone mass
fraction inside a cluster region and an average gas mass fraction that will be precisely
defined below.

As previously reported [95] clusters are defined as connected regions with local
solids fractions exceeding 0.2 everywhere that have a minimum (projected) area of 60
mm2 and a dense core with at least one grid cell with ϕs > 0.4. The minimum area
requirement limits the amount of noise in our measurements that would be caused
by the frequent appearance and disappearance of small clusters. The area of 60 mm2

corresponds to an equivalent circle diameter of 8 mm. The detection of clusters was
performed by post-processing simulation data by means of a Matlabr script.

In Figure 5.2, we show a snapshot of some particle clusters obtained from a typical
CFD-DEM simulation. The ozone mass fraction of blue-colored cells are averaged in
order to compute the ozone mass fraction of a cluster as follows:

wA,cluster =

∑N
n=1 (1− ϕs,n) · wA,n∑N

n=1 (1− ϕs,n)
(5.17)
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Figure 5.2: Snapshot of particle clusters from CFD-DEM.

where wA,n is the ozone mass fraction in cell n that is part of the cluster under
consideration, ϕs,n is the solids volume fraction in that cell and N is the total number
of cells that are occupied by that particular cluster.

This average concentration inside the cluster is compared to:

wA =

∑K
k=1 nk · wA,k∑K

k=1 nk
(5.18)

where wA,k is the averaged ozone mass fraction over slice k, where nk is the number
of cells of the kth slice that are occupied by the cluster under consideration. The
averaged ozone mass fraction, wA,k, is computed by excluding cells that are identified
as part of a cluster. These averages are thus weighted by the number of cells that the
cluster occupies at each cell row. Thus, if a cluster consist of 3 cells at kth row and 1
cell at (k-1)th row, the bulk gas mass fraction (averaged value of those cells that are
not occupied by a cluster at that particular row of cells) of cell row kth is weighted 3
times over the bulk gas mass fraction of cell row (k-1)th, producing a unique value of
the bulk gas ozone mass fraction.

The contact efficiency is defined as the ratio between the gas ozone mass fraction
inside the cluster wA,cluster and the average cross-sectional gas ozone mass fraction
of the bulk gas, wA:

γcl =
wA,cluster

wA
(5.19)

Efficiency values very close to 1 can then be interpreted as highly efficient contact-
ing where all catalyst particles are fully exposed to the bulk gas concentrations and
gas diffusion through the particle cluster is much faster than the intrinsic reaction
rate. Conversely, numbers very close to zero indicate poor gas solid contacting either
due to diffusional limitations or gas bypassing around the clusters. It is worth to
mention that γpf term can be interpreted as the ratio of external surface area of the
catalyst that is exposed to the gas phase; while γcl represents the ratio of external
surface area of cluster particles that are exposed to the bulk gas phase. However, these
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two terms are not comparable since they belong to two different interpretations. The
gas-solid contact efficiency γcl, is a parameter that quantifies the instantaneous gas
bypassing around particle clusters and differs from γpf , which measures the deviation
from a steady state 1D ideal plug flow model. Thus, if the dominant mass transfer
resistances are found to be at the particle level, it is expected that γpf �1, while
γcl ≈ 1. The cluster-level contact efficiency can then employed to identify well the
level at which the mass transfer resistance lies.

5.3 Results and discussion

In this section, we first show some results of mass transfer coefficients at different
operating conditions and values of kr. In this case, a 1D plug flow model is assumed
to compute mass transfer coefficients from time-averaged ozone gas mass fraction
profiles using the CFD-DEM generated axial solids distribution. The aim is to show
that low Sherwood numbers are obtained when these assumptions are made for riser
flows.

In the next subsections, one of our main objectives is to identify and quantify the
influence of different mass transfer mechanisms on the performance of a riser reactor
when clusters are present. The influence of reduced slip velocity, axial gas dispersion
and gas bypassing are evaluated. In addition, the influence of the reaction rate and
cluster phenomena on the riser performance are quantified and analyzed.

5.3.1 Concentration profiles - 1D Plug flow model

In Figure 5.3, time-averaged ozone gas mass fraction profiles at several gas super-
ficial velocities are shown. It can be observed that at the bottom region of the riser,
higher conversion rates are found. This is because a dense bottom region exists. It
has to be noted that in riser flows, there is a trade-off between catalyst holdup and
cluster formation. Although high gas superficial velocities can lead to more homoge-
neous systems (less clustering) both the solids inventory and the gas phase residence
time drop. This gives a lower conversion rate at higher superficial velocities as we can
see in Figure 5.3.

To compute a global mass transfer coefficient for each one of these cases, a plug
flow model can be assumed (see eqn. 5.14) [148, 149]. The values of Kov were solved
through linear regressions above heights of z = 0.2 m, where a constant decaying
trend of the ozone gas mass fraction profiles was obtained. The values are provided
in Table 5.2.

When one assumes that there is external mass transfer resistance only at the
particle level, a global resistance analysis can be used to decompose an overall mass
transfer coefficient for each simulation as:

1

Kov
=

1

kmtav
+

1

kr
(5.20)

where av is the specific particle surface area av = 6/dp.
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Figure 5.3: Axial profiles of time-averaged ozone gas mass fraction at kr=100 s−1.

Table 5.2: Mass transfer coefficients. U influence at kr = 100 s−1..

U (m/s) Kov(s−1) γpf = Kov/kr kmt · av (s−1) kmt (m/s)

5.16 35.48 0.35 56.0 0.0079
5.55 42.69 0.43 74.5 0.0106
5.95 65.09 0.65 186.5 0.0264
6.35 81.18 0.81 431.6 0.0611
6.74 85.75 0.86 601.8 0.0853

The computed overall mass transfer coefficients are listed in Table 5.2 for different
values of the superficial gas velocity. It can be seen that the overall mass transfer
coefficient increases with increasing gas superficial velocity. It can be noticed that
at U values exceeding 5.95 m/s, mass transfer rates (kmt · av) are of similar order of
magnitude than the reaction rate (kr = 100 s−1). It is clear that the hydrodynamic
resistances play an important role even at high superficial velocities. At higher super-
ficial velocities the mass transfer rates increase. This is consistent with an assumption
of external mass transfer limitations at the particle level. Note, however, that with
increasing superficial velocity also the size and amount of particle clusters change. In
our previous study, it was shown that the formation of clusters is highly influenced
by the operating conditions, as well as cluster-related properties such as size and as-
pect ratio [162]. Therefore (part of) the dependency of Kov versus superficial velocity
might actually be indirect, i.e., due to changing characteristics of clusters.

In Figure 5.4, the axial profiles of the time-averaged ozone gas mass fraction
profiles at different reaction rates are shown. In Table 5.3, overall mass transfer
coefficients obtained from these profiles at different reaction rates are shown. As
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Figure 5.4: Axial profiles of time-averaged ozone gas mass fraction at U = 5.95 m/s.

Table 5.3: Mass transfer coefficient. Kinetic constant influence at U = 5.95 m/s.

kr (s−1) Kov(s−1) γpf = Kov/kr kmt · av (s−1) kmt (m/s)

10 8.04 0.80 41.2 0.0058
50 36.17 0.72 130.9 0.0185
100 65.09 0.65 186.5 0.0264
200 115.94 0.58 275.9 0.0391
400 196.67 0.49 386.9 0.0548
1000 367.58 0.37 581.2 0.0823

expected, the conversion rate increases at higher values of kr.

The ‘plug flow contact efficiency’, γpf , decreases at higher reaction rates. As
expected, the kinetic resistance decreases, with increasing reaction rates, while the
hydrodynamic resistance becomes more dominant. However, the dependence of kmtav
on the reaction rate, kr, is inconsistent with the assumption of external mass transfer
limitations at the particle level. If kmtav represented the external mass transfer
limitation at the particle level one would expect it to remain constant when only kr
is changed. One can draw a more general conclusion, namely, that the resistances in
series analysis of eqn. (5.17) where kmtav is an external mass transfer resistance at
whatever level is not valid here.

There can be several mass transfer mechanisms that cause the under-performance
of the riser reactors. Falling clusters close to the walls may reduce local slip velocities,
leading to lower particle-based Reynolds numbers and thus decreasing local mass
transfer coefficients (through Gunn’s correlation). Or maybe the bulk gas stream may
circumvent dense particle regions (clusters), leaving the system without contacting
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with all particles. Gas back-mixing effects can also impede the reactor performance.
All these hypotheses are assessed in the next sections.

5.3.2 Slip velocity

We will first focus on the particle-level mass transfer resistance. The particle-
level mass transfer coefficient depends on the slip velocity of the particle with respect
to the surrounding gas. For larger slip velocities the mass boundary layers around
particles are thinner which leads to increased mass transfer rates. This dependence is
captured by mass transfer correlations such as the one reported by Gunn (1978), where
increased slip velocities lead to larger particle Reynolds numbers and consequently
larger interphase mass transfer coefficients. As Helland et al. (2000) suggested, a
falling cluster exerts a local reaction force (via two-way coupling) on the gas phase,
decelerating the gas motion, such that it could even follow the cluster trajectory. This
phenomenon leads to a local drop of the slip velocity and therefore a lower local mass
transfer coefficient.

In order to analyze the influence of the slip velocity on the computed local mass
transfer coefficient (via the Gunn correlation), the particle-averaged mass transfer
coefficient is computed in each computational cell. In this way, we can evaluate
whether the drop in the computed particle mass transfer coefficient is the main source
of lowered riser reactor performance.

Figure 5.5: Particle-averaged mass transfer coefficient from a CFD-DEM simulation
of 40 seconds. U = 5.95 m/s.
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In Figure 5.5, it can be seen that the particle-averaged mass transfer coefficient is
significantly lower close to the walls than in the core of the riser. This confirms that
cluster formation leads to lower particle-level mass transfer rates due to a drop in the
particle-based Reynolds number.

In Figure 5.6, the probability distribution function (pdf) of the instantaneous
particle Reynolds at different gas superficial velocities is shown. It can be seen that
these profiles describe bimodal data distributions. There is a high-peak at rather
small Reynolds numbers (5-20), while at high Reynolds numbers a peak appears
which grows and shifts to the right with increasing superficial gas velocity. These
profiles are consistent with a “slow-moving” solid phase, which can be characterized
by particles that are immersed in dense areas where the local slip velocities are low;
and a “fast-moving” solid phase that could be characterized by particles located in
dilute areas where the slip velocities are relatively large.

This pattern can also be observed in Figure 5.7, where the probability density
distribution of the particle-based mass transfer coefficient at the same operating con-
ditions are plotted. We see in Figure 5.7, that the pdf’s of the instantaneous par-
ticle mass transfer coefficient describe bimodal data distributions as well. It should
be noted that the Gunn correlation has a strong dependence on the particle-based
Reynolds number and the solids volume fraction. At similar values of the particle-
based Reynolds number, dilute areas acquire lower mass transfer coefficients than
dense regions. At higher gas superficial velocities, clusters are less likely to form and
slip velocities increase (see Figure 5.6). It is then expected that the occurrence proba-
bility of the dense phase decreases as well. So, looking at Figure 5.7, we can state that
dense particle regions are characterized by slow motion and low local mass transfer
coefficients, while the dilute solid phase is characterized by high slip velocities and
relatively high mass transfer coefficients.

Figure 5.6: Probability density distribution of instantaneous particle-based mass
transfer coefficient.

In this subsection, we have confirmed that cluster formation leads to a lower
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Figure 5.7: Probability density distribution of instantaneous particle-based mass
transfer coefficient.

particle-level mass transfer coefficient. As can be seen from Figure 5.7 shows, the
mean particle mass transfer coefficient of a dense solid phase ranges between 0.22 and
0.27 m/s, while the mean value of the same property for the dilute solid phase ranges
between 0.43 and 0.49 m/s.

When comparing the particle-level mass transfer coefficient measured here with
the values reported in Tables 5.2 and 5.3 we clearly see that the actual particle-level
mass transfer coefficients are much larger than those in the tables. The values reported
in the tables are obtained by assuming that the dominant mass transfer resistance is
at the particle-level. The disagreement shows that this assumption is incorrect. We
conclude that, while the presence of clusters significantly influences the particle-level
mass transfer coefficients, the dominant mass transfer resistance is not at the particle
level.

5.3.3 Axial gas dispersion coefficient

Axial dispersion might lead to a lower apparent Kov when experiments are inter-
preted using a plug-flow model without axial dispersion. Some of the measured low
Sherwood numbers might be explained by this type of ‘misinterpretation’. Therefore
the influence of the gas axial dispersion is evaluated in this subsection. In order to
analyze whether gas dispersion effects play a major role in these deviations, a 1D con-
vection dispersion equation can be employed to compute the apparent reaction rate
in the riser reactor. Given the time-averaged axial ozone mass fraction profile, the
influence of the axial gas dispersion coefficient can be determined. Changes in Dax

are evaluated in order to analyze the deviations between the attained mass fraction
profiles and those obtained by assuming a steady state axially dispersed plug flow
model.
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0 = −∂UwA,g
∂z

+Dax
∂2wA,g
∂z2

−Kov〈ϕs〉wA,g (5.21)

For Dax � U2(Kov〈ϕs〉) it has solutions: λ1 ≈ −(Kov〈ϕs〉)/U, λ2 ≈ U/Dax. Since
λ2 � −λ1, λ2 corresponds to a shorter length scale. In fact, this second solution (with
positive exponential factor λ2) only influences the mass fraction near the exit of the
column. That is, the contribution of exp(λ2z) will be only significant near the exit
and is sensitive to the outlet boundary condition. Away from the exit only a single
exponent solution, namely exp(λ1z), is relevant and therefore wA,g is expected to
decay exponentially in this region. This means that λ1z can be locally estimated using:
λ2∆z = ln〈wA,z+∆z〉/〈wA,z〉, such that Kov can be obtained from the characteristic
equation (5.23) as:

Kov (z) = − 1

〈ϕs〉∆z
ln

(
〈wA,z+∆z〉
〈wA,z〉

)[
U − Dax

∆z
ln
〈wA,z+∆z〉
〈wA,z〉

]
(5.22)

The axial gas dispersion coefficient has been determined in CFD-DEM, by injecting
a pure ozone gas pulse of 0.01 seconds over steady state simulations in an inert
environment (no chemical reaction). The gas velocity fluctuations are expected to
be larger in simulations with higher degree of clustering (low U). In Figure 5.8, the
obtained gas residence time, E(t), for U = 5.16 m/s is plotted. The axial dispersion
coefficient was computed by means of equation (5.24) [5]:

Dax =
U · L

∫∞
0
E(t) (t− tm)

2
dt

2t2mεbed
(5.23)

where tm =
∫∞

0
t ·E(t)dt is the mean gas residence time, L is the riser length, εbed is

the bed porosity which amounted to 0.943, and U is the gas superficial velocity. The
mean gas residence time was of around 0.307 ± 0.11 seconds and the axial dispersion
coefficient amounted to Dax = 0.527 m2/s. By feeding this input parameter into the
previous convection-dispersion equation we can obtain the order of magnitude of the
deviation in Kov (kr = 1000 s−1) when axial gas dispersion effects are accounted for
in the interpretation model. In Figure 5.8 (right), it can be seen that the change due
to axial dispersion is small. So, discarding gas axial dispersion in an interpretation
model is not a major cause of overestimation of the conversion rate. For the case that
dispersion only has a limited influence on the determined mass transfer coefficient
we find that the relative contribution is approximately (Dax〈ϕs〉Kov)/U

2. So for the
measured dispersion coefficient this gives a 13% deviation (with 〈ϕs〉=0.0535). So in
this case, gas backmixing is not a major cause for (apparent) mass transfer limitations
on riser reactor performance.

5.3.4 Gas solid contact efficiency

Gas solid contact efficiency is related to gas bypassing [160]: some of the reactant
will have an intimate contact with the catalyst particles and the rest may leave the
system chemically unchanged due to a very poor exposure to the particulate phase.
In Figure 5.9, we present an illustrative snapshot when gas bypassing occurs. On
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Figure 5.8: Left:Gas residence time distribution at U = 5.16 m/s. Right:Gas axial
dispersion influence. kr = 1000 s−1

the left-hand side of Figure 5.9, particles are colored according to their respective
ozone mass fraction. These values can be assumed as the ozone mass fraction at the
surface of each particle. On the right-hand side of the figure, the gas velocity field is
shown. It can be seen that the gas flows at high velocities in the core of the pseudo 2D
riser. Red-colored particles (rich in ozone content) are mainly encountered in exposed
regions to the main bulk stream, where the velocities are higher. We can see that
cluster regions are mostly composed of blue-colored particles that possess low ozone
content presumably due to higher gas residence times or trapped gas pockets inside
the clusters. Actually, Ouyang et al. [28] suggested that falling particle clusters could
capture and retain gas and these observations confirm this suggestion.

The gas solid contact efficiencies have been computed for several values of the re-
action constant, kr, at the same operating conditions (U = 5.95 m/s) and for different
gas superficial velocities at a fixed kr = 100 s−1 to analyze the influence of cluster
characteristics on the gas solid contacting.

5.3.4.1 Reaction rate effect

In Figure 5.10, the pdf’s of the cluster contact efficiency of all these simulation
cases are shown. It can be noticed that at lowest kinetic constant kr = 10 s−1, CFD-
DEM predicts the major part of occurrences have contact efficiency values ranged
between 0.8 and 1. So, assuming ideal plug flow would in this case be a reasonable
assumption if we want to estimate the riser reactor performance. However, when the
reaction rate is increased, larger errors result. For instance, if a significant improve-
ment is made on a catalyst by increasing its activity with corresponding change in kr
from 10 to 1000 s−1, a plug flow model assumption can lead to larger over-estimations,
since the gas-solid contact efficiency would be much lower than at low reaction rates
(see Figure 5.10). In Figure 5.11, the cluster-averaged contact efficiency for each sim-
ulation is plotted, where the error flags represent the confidence intervals of the 68.2

% (γcl ± σ =
√

(γcl−γcl)2
Nclusters

) of the cluster contact efficiency data. It can be seen that
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Figure 5.9: Left: Ozone mass fraction at the particle surface. Right: Gas velocity
field.

it drops at higher values of the kinetic constant as previously stated by other authors
[44, 142].

5.3.4.2 Influence of gas superficial velocity

In a previous study [162] it was shown that complex clustering phenomena can be
well predicted by means of CFD-DEM. In risers, the total cluster population increases
at low gas superficial velocities [95]. Larger populations of falling clusters close to the
walls can retain gas pockets of highly depleted reactant [28], leading to inefficient gas-
solid contacting. At higher gas superficial velocities, the system becomes more dilute
and the particle shielding effect does not become that influential as Figure 5.12 reveals
(see U = 6.74 m/s line). It is noticed then that clustering and consequently operating
conditions play a major role on the performance of a riser reactor (see Figure 5.12).

These results show that clustering phenomena are a major cause of inefficient
contacting. Thus, the measurement of global mass transfer coefficients requires and
accurate estimate of cluster-related properties. This seems to be the cause of so much
disagreement between global Sherwood number data. In systems, where clustering
and particle shielding phenomena are very pronounced; or in systems in which the
reaction rate is very high; the global Sherwood number will tend to zero.
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Figure 5.10: Probability density distribution of gas-solid contact efficiency at different
kr.

Figure 5.11: Cluster-averaged contact efficiency.

5.3.4.3 Influence of dilution ratio

In this subsection, we present gas-solid contact efficiency results of CFD-DEM
simulation at different dilution ratios of active particles (number of active over total
number of particles). Diluted fluidized systems have been employed in the past to
measure mass transfer coefficients. Active spheres can be mixed with inert ones to
experimentally measure mass transfer coefficients. In CFD-DEM all particles are
numbered and tracked. By means of a simple algorithm, a fixed number of particles
could be labelled as active or inert. Each particle label was permanent for the whole
simulation and the particles were assumed to be homogeneously mixed in the system.
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Figure 5.12: Probability density distribution of cluster contact efficiency at several
gas superficial velocities at kr =100 s−1.

Figure 5.13: Cluster-averaged contact efficiency at several gas superficial velocities at
kr =100 s−1..

It should be noted that the Gunn correlation was also utilized in these simula-
tions to compute the particle-based Sherwood number. Mass transfer correlations for
dilute particle systems and Gunn correlation differ in the asymptotic behavior at low
Reynolds number (2 · ε/τ and 2, respectively). These differences in the diffusional
contribution of the Sh number were negligible for this set of simulations. The reasons
are that first the mass transfer at the particle level is not limiting especially for parti-
cles inside clusters. Second, for particles outside clusters the higher Reynolds number
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Figure 5.14: Contact efficiency pdf at U = 5.55 m/s and kr =100 s−1..

contribution to the particle-level Sherwood number is relevant.

In Figure 5.14, the probability density distribution of cluster gas-solid contact
efficiency at different dilution ratios are shown. We can see that the gas-solid contact
efficiency is higher at increasing dilution ratios. At a fixed catalyst activity (kr =
100 s−1.), lower dilution rates (more active spheres) will lead to more severe particle
shielding effects when clusters are formed [142].

Table 5.4: Mass transfer coefficient. Plug flow model. Kinetic constant influence at
U = 5.95 m/s.

Simulation kr (s−1) % active particles U (m/s)

1 100 10 5.55
2 10 100 5.55

3 100 50 5.55
4 50 100 5.55

5 100 90 5.55
6 90 100 5.55

As expected, Figure 5.15 shows that the cluster-averaged contact efficiency drops
at decreasing dilution ratio.

It can be seen that an increase of the dilution ratio effect is comparable to an
increased catalyst activity (see Figure 5.10). The gas inside the cluster becomes more
depleted of reactant, consequently the average gas reactant concentration is lower,
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Figure 5.15: Cluster-averaged contact efficiency.

Figure 5.16: Contact efficiency pdf at U = 5.55 m/s.

leading to poorer gas-solid contact efficiencies.
In diluted systems, if the active particles are homogeneously mixed, the perfor-

mance of a system where a fraction, ϕactive, of the particles are active and kr = 100
s−1 is expected to be similar to that one with kr = ϕactive·100 s−1 where all particles
are active. To prove this statement, we ran simulations at U = 5.55 m/s at equivalent
kr values, where all the particle are active (see Table 5.4).

In Figure 5.16, the contact efficiency pdf of simulations 1 to 6 are plotted (see
Table 5.4). If we compare pdf profiles of simulations 1 and 2, it can be noticed that
the effect of the particle dilution ratio is equivalent to the effect of the catalyst activ-
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ity. The same trend is shown for the remaining simulation pairs. Thus, we confirm
previous author’s observations [25], namely that mass transfer coefficients obtained
from diluted systems should not be comparable to undiluted fluidized systems.

5.3.4.4 Mass transport inside clusters

The situation of mass transfer resistance inside a cluster of reacting particles is
qualitatively analogous to internal mass transfer limitation inside a catalytic porous
particle. If the analogy also holds beyond a qualitative similarity, a type of Thiele
modulus could be applicable in order to determine the reaction effectiveness inside
clusters and hence permit the development of a cluster-based mass transfer model.
In this case a correlation between cluster size and gas-solid contact efficiency should
be obtained, regardless of the gas phase velocity. In this section, we will see that this
is quite challenging due to the large data scattering that such a correlation shows.

The scatter plot of cluster contact efficiency, γcl, against the equivalent cluster
diameter ( 2

π

√
Acluster) in Figure 5.17 shows no clear correlation between the two

quantities. If the gas solid contact efficiency was assumed to depend only on the
cluster size, a trend should be visible. Moreover, the same master curve would be
expected at different gas superficial velocities. However, it is observed that there is
a no clear correlation, especially in denser systems (i.e., at lower U values) where
clustering phenomena are more intense.

At higher gas superficial velocities (U = 6.35 and 6.74 m/s) the systems are rather
dilute. Here clusters are less likely to interact with each other, and this might be the
cause of less data scattering (although this is still quite large as evident from Figure
5.17).

Thus, it is worthwhile to show the causes of this scattering, and why cluster-based
mass transfer models should not merely depend on the equivalent cluster diameter.

In Figure 5.18, we present a snapshot sequence of two clusters in a relatively
dilute region of the riser domain. The gas velocity vector field is superimposed on
the porosity field. It can be observed that in the first snapshot, the gas stream does
penetrate into the cluster wake of the cluster located at the left. Although this riser
section is quite dilute, we can observe (if we follow the sequence) how the gas passes
through the smallest cluster located at the top as well. Van der Ham et al. [153]
suggested that the increase in the gas solid contact efficiency could be due to the
breakup of cluster structures. Although cluster formation leads to poor gas-solid
contacting, we also see that the gas can pass through the cluster structure causing
only a change/orientation of the cluster shape without destroying it. We observe that
the cluster structure is quite dynamic and can adopt different shapes and orientations
in time that can be more susceptible to gas permeation.

In Figure 5.19, another sequence in a denser region of the riser is shown. In this
figure, it can be observed more clearly how the gas stream accelerates due to the
high cluster content at the bottom of the riser. Denser regions will not only lead
to enhanced bypassing, but also the formation of gas streams with large velocities
that can eventually pass through some of the clusters. This phenomenon causes that
cluster particles found upstream are more easily accessible to the gas phase and can
experience a more efficient gas-particle contact.
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Figure 5.17: Gas solid contact efficiency versus equivalent cluster diameter of 500
random clusters at kr = 100 s−1 a) U = 5.16 m/s b) 5.55 m/s c) 5.95 m/s d) 6.35
m/s e) 6.74 m/s.

In general, we observe in our simulations a rather chaotic behavior of particle
clusters. They not only form, grow, break up or merge, but also they can adopt
different shapes, densities, aspect ratios and orientations. All these phenomena have
an effect on the gas-solid efficiency of the cluster itself or/and other neighboring
clusters that are found upstream. Although it seems clear that clustering phenomena
enhance gas bypassing and poor gas-solid contacting, these phenomena feature such
a broad variety of structures that it remains very challenging to develop closures for
cluster-based mass transfer models.

5.4 Conclusions

In this work we have performed CFD-DEM simulations in order to generate more
insight about mass transfer mechanisms that take place under riser flow conditions.
The instantaneous cluster-level contact efficiency between the gas phase and cluster
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Figure 5.18: Porosity field with the gas velocity vector field superimposed in a dilute
region of the riser domain. U = 5.16 m/s. Snapshots time frame of 0.01 s.

Figure 5.19: Porosity field with the gas velocity vector field superimposed in a dense
region of the riser domain. U = 5.16 m/s. Snapshots time frame of 0.01 s.

particles have been computed at several reaction rates and gas superficial velocities.
This work explicitly confirms and corroborates suggestions made by other authors
[142, 144, 158, 28, 29, 164], namely that particle clusters have a large influence on
the gas-solid contact efficiency and on global mass transfer phenomena. We clearly
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showed that for the system studied here the increased mass transfer resistance is due
to the presence of particle clusters and not due to axial dispersion effects, or changes
of the particle-level mass transfer coefficient. Moreover, we showed that a decreasing
gas superficial velocity leads to lower γcl values. At lower U values, the fact that clus-
ters are larger and a less intense convective mass transfer exists inside these particle
structures seem to be the main causes of obtaining such pattern. Besides, increasing
reaction rate showed to decrease γcl, thus increasing the influence of hydrodynamic
resistances at cluster level as other authors suggested [44, 145]. Diluted fluidized sys-
tems were found to lead to higher gas-solid contacting rates [25, 142]. For the system
studied here it was proved that the dilution rate effect is equivalent to reaction rate
effects as Venderbosch et al. suggested [142]. So, the effect of dilution by inactive
particles can be easily understood in terms of an equivalent decrease of the reaction
rate.

Although in literature there is general agreement about the relevance of clusters,
it is less clear whether the mass transfer resistance lies in the external mass transfer to
the cluster surface [147, 148, 149]; or whether clusters can be assumed as large porous
spheres where only diffusional transport takes place [44, 144]. In this work, we have
shown that cluster contact efficiency does not correlate well with the cluster size since
there is large data scattering. Thus, clusters cannot be assumed as large porous
particles, where effective molecular diffusivity is the only mass transport mechanism.
Besides, convective mass transfer can play an important role when high γcl values
are attained. Convective mass exchange between dilute phase and dense phase exists
and it could be enhanced by the formation of gas jets that pass through the cluster
structures.

Particle clusters are transient entities that show a broad variety of shapes, sizes and
orientations as other authors suggested [77, 95, 142]. The large amount of properties
that characterize particle clusters, altogether with their location, local density and
proximity of high-velocity gas streams can cause interactions of very diverse nature.
The scattering pattern of gas solid contact efficiency data, suggests that convective
mass transfer inside clusters can be enhanced or limited by all cluster properties
previously mentioned, obtaining quite unpredictable behavior if we only analyze a
single parameter, e.g. cluster size.

Although we have shown that clusters enhance gas bypassing and result in poor
gas-solid contacting, we find it challenging to develop mass transfer closures at cluster
scale level. It seems very hard to capture the influence of a cluster using simple
parameters such as cluster size. The main reason is that the cluster contact efficiency
is very much influenced by convection through the cluster and that this convection
depends on the configuration of clusters downstream. Our tentative conclusion is
that accurate coarse-graining of the influence of particle clusters is difficult and in
fact CFD-DEM is the tool to predict the performance best. Related to the particle-
based closures used in CFD-DEM we would like to point out the following behavior.
Most mass transfer seems to take place at the boundaries of clusters, where flow
can still partly penetrate the clusters. At these locations the solids volume fractions
quickly change. However, the particle-level mass transfer correlations used in CFD-
DEM were developed for (locally) homogeneous systems. This raises the question
whether the particle-level correlations are accurate enough. Therefore we recommend
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performing Direct Numerical Simulations of freely evolving clusters to validate local
particle-level Sherwood correlations of heterogeneous particle structures.
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Chapter 6

Ozone concentration measurements coupled to full-field
PIV/DIA technique.

Abstract

A full-field PIV-DIA technique has been coupled to ozone concentration measurements
in order to characterize the riser performance at different gas superficial velocities and
reaction rates for ozone decomposition. Experiments under riser flow conditions were
performed with the use of a compact pseudo-2D lab-scale riser reactor.

The catalytic activity of the particles was characterized. To assess the effect of
reaction rate on the performance of a riser reactor, two catalyst batches with dif-
ferent activities were used and their kinetics were established. Riser hydrodynamics
was studied using the PIV-DIA technique. Particle clusters were identified and char-
acterized. By correlating the cluster data and mass concentration measurements it
was found that local flow heterogeneities predominantly present near the walls led to
higher conversion rates in comparison to the core of the riser. Reaction rate and gas
superficial velocity effects were also analyzed.

109
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6.1 Introduction

Several model reactions have been employed in literature in order to gain more
insight into mass transfer mechanisms under riser flow conditions: naphthalene sub-
limation, ozone decomposition, combustion of carbon particles and carbon monoxide
oxidation [26]. Among these, ozone decomposition is the model reaction most often
employed and in the current study this model reaction is also used.

The selection criteria of our model reaction were mainly based on its compatibility
and feasibility with a full-field PIV/DIA technique published elsewhere [80]. Although
Venderbosch et al. [142] reported a model reaction based on carbon monoxide oxida-
tion catalyzed by platinum-based catalyst at relatively low temperatures (above 480
K), high temperature processes require external heating devices that are found to be
incompatible with the requirement of a full visual access for PIV/DIA measurements.
Even though naphthalene sublimation, could define an appropriate model as well,
this was discarded due to the complex preparation of naphthalene particles with a
controlled and reproducible particle size (which should be at least 2-3 pixels large in
order to perform PIV/DIA experiments). Besides we wanted to avoid naphthalene
gas saturation issues and the utilization of particle diluted systems. Thus, after thor-
ough analysis, catalytic ozone decomposition was selected as model reaction due to
its reactivity at room temperature, which is a feature that can be easily combined
with the PIV/DIA technique.

The relative simplicity of an irreversible first order reaction makes this reaction
suitable for relating mass transfer resistances to hydrodynamic phenomena, i.e. cluster
formation. Experimental investigations have been performed in order to determine
overall mass transfer coefficients [149] and the gas-solid contact efficiency at different
operating conditions [159, 27, 161, 29]. Correlations between solids holdup and ozone
concentration have been obtained by several authors [29, 27, 34, 28]. Ouyang et al.
(1995) [28] found that the gas-solid contact efficiency decreases with increasing solids
holdup. Other authors analyzed the influence of the Damköhler number by changing
the gas superficial velocity [29, 30]. Risers under reactive conditions were also found
to be characterized by strong gradients in the radial gas concentration profile [155, 29].
These analyses were limited to the interpretation of time-averaged properties, without
attaining relevant parameters related to cluster formation.

In this work, we relate mass transfer and hydrodynamic phenomena by means of
PIV-DIA coupled to ozone concentration measurements. We try to analyze separately
the effect of gas superficial velocity and reaction rate over the performance of a pseudo-
2D riser reactor and correlate it to cluster-related properties. Another objective
is to sufficiently characterize experiments under riser flow conditions, to facilitate
validation of computational models.

6.1.1 Ozone decomposition

We have used a copper and manganese oxide on alumina particles to catalyze
the ozone decomposition. According to Dhandapani and Oyama [165], the ozone
decomposition mechanism can be split into two steps. The first step involves the
adsorption of ozone to produce a free oxygen molecule and a surface oxygen atom,
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which subsequently can react with another ozone molecule to generate two other
oxygen molecules.

O3+* → O* + O2

O3 + O* → O2 + O*
2

O∗2 ↔ O2+*

Although the reaction order of ozone decomposition has been assumed to be 1
when the reaction is catalyzed by iron oxide-based catalysts [149, 29], other authors
reported that orders lower than unity can also be obtained with manganese species
[165, 166]. Spasova et al. [167] found that the combination of copper and manganese
oxides showed higher activities towards ozone decomposition. The redox mechanism
for this system can be expressed as:

O3 +
[
Mn3+

]
→ O−ads

[
Mn4+

]
+ O2

O3 + O−ads
[
Mn4+

]
→

[
Mn3+

]
+ 2O2

O3 +
[
Cu+

]
→ O−ads

[
Cu2+

]
+ O2

O3 + O−ads
[
Cu2+

]
→

[
Cu+

]
+ 2O2

Copper and manganese oxides, are not only catalytic species for ozone decomposi-
tion, but can also form active spinels during the calcination at 400-500 oC. Spasova et
al. [167] found that supported catalysts of copper-manganese oxides on γ-Al2O3 were
very active and stable towards ozone decomposition. Although Spasova et al. could
not identify hopcalite on their samples by X-Ray Difraction (XRD), the high activ-
ity of the synthesized catalysts was argued to be caused by the presence of different
oxidation states of Mn.

The catalytic reaction can be regarded as a reduction mechanism, where ozone
molecules interact with adsorbed atoms of oxygen. It has been reported that the
desorption of oxygen is a slow process and could be the rate determining step [168].
Besides, a slow decomposition of adsorbed peroxides could also promote the formation
of lattice oxygen atoms that could enhance the oxidation of Mn and gradually decrease
the catalytic activity [169]. This could be one of the mechanisms why the synthesized
catalyst in this work deactivates with utilization time.

If we assume that all reactions are irreversible and the rate determining step is the
oxygen desorption as reported by Oyama et al., [166], the global reaction rate after
derivation of kinetics of elementary steps could be expressed as:

− rO3
=

k1PO3

1 + k2PO3

(6.1)

However, oxygen adsorption may play a role in the kinetics as well. In that case
the derived kinetics can be expressed as:

− rO3
=

k1PO3

1 + k2PO3
+ k3PO2

(6.2)

An alternative, more empirical, model would be a power-law relation for the ozone
decomposition kinetics:
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− rO3 = k · PnO3
(6.3)

Although we have described to a certain extent the reaction mechanism of ozone
decomposition, we observe that there still exists a debate regarding the reaction mech-
anism of ozone decomposition in the catalysis field. It is not among our goals to
elucidate mechanistic effects of the reaction, but only to sufficiently characterize the
intrinsic reaction kinetics.

6.1.2 Catalyst Activity Measurements - Packed Bed Reactor

The catalyst activity measurements were carried out in a packed bed reactor of
4 cm of internal diameter and 10 cm height where a mixture of air and ozone was
fed from top to bottom in order to achieve low external mass transfer resistances.
Some important checks are required to determine the activity of a catalyst particle
in a packed bed reactor, namely the possible existence of external and internal mass
transfer limitations; and gas dispersion effects [170].

To interpret the results of these packed-bed experiments we used a simple plug-flow
model:

U
dPO3

dz
= − k1PO3

1 + k2PO3
+ k3PO2

ϕs (6.4)

Here the residence time, τ = z/U . After integration for the kinetics given by eqn.
(6.4), the partial pressure of ozone, PO3

, can be related to the residence time, τ , by:

k1 · τ = − 1

ϕs

(
(1 + k3PO2

) ln

(
PO3

PO3,0

)
+ k2

(
PO3
− PO3,0

))
(6.5)

where we define H at the right hand side as follows:

H (PO3
, PO2

) = − 1

ϕs

(
(1 + k3PO2

) ln

(
PO3

PO3,0

)
+ k2

(
PO3
− PO3,0

))
(6.6)

So, the k1 value corresponds to the slope of a linear curve when we plot the gas
residence time versus the left-hand side of the equation that we defined as H. For the
power-law kinetics given by eqn. (6.3) we have

J(PO3
) = k · τ with J(PO3

) =
P 1−n
O3,0
− P 1−n

O3

(1− n) · ϕs
(6.7)

The plug flow model (with intrinsic kinetics) is only a proper model for interpret-
ing the kinetic data if certain phenomena related to mass transfer and dispersion are
not relevant. To determine the relevance of these phenomena certain criteria should
be checked which will be done subsequently.

External mass transfer limitations
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The existence of external mass transfer limitations can be analyzed by means of
the dimensionless reaction rate or Carberry number. If this number is small enough
then external mass transfer limitations are negligible, according to this criterion:

Ca =
robs

akmtcO3

<
0.05

n
(6.8)

Internal mass transfer limitations - Weisz-Prater criterion

The Weisz-Prater criterion states that internal mass transfer limitations are unim-
portant if:

robsdp
2

DeffcO3

(
n+ 1

2

)
< 0.15 (6.9)

Dispersion

For the estimation of axial dispersion coefficients, the model of Wakao and Kaguei
[136] was used:

D

εbed
=
Deff

τ
+mdpU (6.10)

where m = 0.1 for radial dispersion and m = 0.5 for axial dispersion according to
Wakao and Kaguei (1982)[136], where U is the gas superficial velocity.

To neglect axial dispersion effects, the following condition should be satisfied [171]:

L

dp
>

8n

Pe
p

· ln
(
X

0.03

)
(6.11)

where Pep = U · dp/Dax, represents the particle Peclet number.

Dt

dp
>

X

0.03
(6.12)

where Dt is the packed bed diameter, X the overall conversion and the Dt/dp ratio
should exceed X/0.03 to such flat velocity profiles can be assumed[172].

6.2 Experimental setup

The riser experiments were carried out in a pseudo-2D riser of 1.5 m× 0.07 m×
0.006 m. The solids entered at the riser bottom through a recycling pipe with an angle
of 45o with respect to the vertical direction. The pipe cross-section had dimensions
of 0.04 × 0.006 m, where there was a small opening to feed the solids at a mass
flux of approximately 33 ± 3 kg/(m2s). The back plate of the riser was equipped
with several sampling ports to extract gas samples at a volumetric flow rate of 0.5
liters/min to measure the ozone concentration. The sampling ports consisted of 3
mm porous filters, with a pore size of around 7 µm to avoid dust accumulation in the
analyzer. Ozone gas mass fraction measurements were collected at axial positions (z
= 0.04, 0.27, 0.44, 0.64, 0.88, 1.06 and 1.46 meters). At each axial location, three
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sampling ports were located (x = 0.005, 0.035 and 0.065 meters). Further details of
the setup are described elsewhere (see chapter 2).

Ozone was generated by a corona discharge unit OZV-4 (ozone generator, analyzer
and interceptor were purchased from Ozone Solutions Inc.). A pure oxygen gas stream
was fed to the generator at a flow rate of 1 liter/min. The ozone generator (OZV-4)
unit applied electrical discharges to the oxygen gas, where some oxygen molecules
break down to be later recombined into ppm levels of ozone. Ozone is known to be
lethal at concentrations of 25 ppm, and it is a very strong oxidizing agent that can
have a strong corrosive effect on materials like rubber, nylon and iron. Thus, pipes,
joints, O-rings, and other parts of the setup were made of resistant materials to ozone
corrosion like stainless steel and polytetrafluorethen.

Since ozone decomposition is considerably affected by humidity, gases are fed from
a pressurized system that chills the gases and condensed water is separated to ensure
a supply of dry gases. A dew point sensor is placed downstream to measure the water
content of the mixed inlet gas stream before it was fed to the riser. In the reported
measurements the dew point was always lower than -19.5 oC (<1 gram water/kg air).
An ozone interceptor (NT-40) reduces the ozone concentration at the system exhaust
pipe to meet legal specifications regarding ozone concentration in gases emissions to
the atmosphere (< 0.06 ppm).

Ozone concentration was measured by means of a UV-analyzer (UV-106M). The
analyzer consisted of a low-pressure mercury lamp that emitted UV light at 254 nm.
At this wavelength, ozone absorbs UV light and Lambert-Beer’s law can be applied
to quantify the ozone volume fraction. The analyzer has an internal pump that sucks
gas at a volumetric rate of 0.5 liter per minute. Gas flow rates inside the riser are
much higher (between 140 and 160 liter/min), so this withdrawal has a negligible
effect on the riser hydrodynamics. The response time of the analyzer is about 10
seconds. Blank runs were performed to test that sampling ports. These measurements
fluctuated in a range up to ± 4 ppm, presumably due to different interactions of the
ozone with the sampling port filters). So these measurements were corrected for the
ozone gas mass fraction measurements under reactive conditions.

6.2.1 PIV/DIA measurements

DIA measurements were performed by means of a technique published elsewhere
(see chapter 2) [80]. Pixel intensities were averaged into interrogation areas of 8 ×
8 pixels. The 2D-3D correlation reported in section 2.2.2.2 was used to quantify the
solids volume fraction. The determination of f , is explained in detail in Appendix
B.3.

A(dp/D) = 0.6818 · dp/D+ 0.081 · f + 0.024± 0.001B = 0.99− 0.45 · f ± 0.01 (6.13)

6.2.2 Catalyst Preparation

Earlier studies employed catalysts consisting of FCC particles (<80 µm) soaked
in a Fe(NO3)3 20% water solution. However, we needed to employ larger particles to
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meet the technical conditions for PIV/DIA measurements. To obtain a sufficient im-
age resolution the particle diameter needs to correspond to minimally 2 pixels. Thus,
spherical γ-Al2O3 particles were selected as support of the active metallic species that
catalyzes the ozone decomposition (copper and manganese).

In this work, we employed the incipient wetness method to impregnate 1.5 kg of
alumina particles with an aqueous solution of Mn(NO3)2 and Cu(NO3)2. Batches of
500 grams of impregnated alumina particles were dried overnight and calcined at 410
oC for 2 hours [173].

The particle size distribution of fresh alumina support and the two catalyst batches
was measured by a wet laser diffraction technique, producing a Gaussian particle
distribution around dp = 1.05 mm where the standard deviation for 68 % of particles
would be around 0.15 mm. In Figure 6.1, the particle size distribution of fresh alumina
catalyst batches (Catalyst I and Catalyst II) after usage are plotted. It can be seen
in Figure 6.1 that all curves overlap, so attrition effects due to fluidization of the
particles are negligible.

Figure 6.1: Particle size distribution (PSD)and cumulative particle undersize distri-
bution (F).

One of the advantages of incipient wetness method is given by the fact that the
exact amount of solution impregnated on the alumina particles is known. The catalyst
loadings of manganese and copper were 1.95 and 2.11 % weight respectively. The
particle density was measured by means of a gas pycnometer. This device injects
helium gas into a sampling chamber of known volume, where the particles are placed.
The gas penetrates into the open pores of the particles, which weight is also known.
By means of the gas pycnometer we found that the skeletal density of the particles
hardly changed due to calcination effects. The skeletal density of the γ-Al2O3 particles
was 2.41 g/cm3. The incipient wetness point of the alumina and catalyst particles
were of 0.31 and 0.30 ml/g. Thus, the envelope density of the particle was quantified
and amounted to 1.38 ± 0.02 g/cm3.

XRD analyses were not conclusive to further characterize the catalyst. Diffraction
peaks of γ-Al2O3 crystallographic planes were detected, while those corresponding to
copper or manganese species were not sufficiently clear to confirm whether the metals
formed any spinel or crystallize in oxide form.
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Table 6.1: Packed bed reactor measurements.

τ (s) PO3,in (Pa) PO3,out (Pa)

0.042 23.67 10.36
0.054 28.03 10.14
0.069 33.85 10.27
0.084 40.34 10.21
0.11 49.24 7.54

6.3 Results and discussion

6.3.1 Packed bed reactor-catalyst activity measurements

Table 6.1 tabulates the measured ozone concentration in the packed bed as func-
tion of residence time. In Figure 6.2 we can see that the measurements fit well with
the kinetics given by eqn. (6.2) and the corresponding solution of the plug-flow model,
eqn. (6.3). The fitted kinetic parameters are k3= 0.03 1/Pa, k2= 100 1/Pa and k1=
8.36·104 s−1 (not shown). Also a power-law model of order 0.5 fits well with k =
129.4 Pa0.5s−1. We use this reaction model in order to assess if these measurements
are representative of the actual reaction rate, or they are influenced as well by mass
transfer phenomena.

Figure 6.2: Packed bed measurements.

In Table 6.2, we show the computed parameters to assess if there are not disper-
sion effects or mass transfer limitations prevail in our kinetic study. By evaluating
equations 6.3 to 6.7, it is noticed that dispersion effects and external mass trans-
fer limitations are negligible. However, there are internal mass transfer limitations
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Table 6.2: Mass transfer coefficient. Plug flow model. Kinetic constant influence at
U = 5.95 m/s.

Mears 0.05
n

0.1 rob
akmt·PO3,p

0.0084

Weisz-Prater criterion < 0.15
robdp

2

DeffPO3,p

(
n+1

2

)
≈ 1.37

Axial dispersion Lb

dp
≈ 100 L

dp
> 8n

Pep
· ln
(
X

0.03

)
≈ 1.4

Radial dispersion Dt

dp
40 X

0.03 ≈ 16.7

*These parameters were computed assuming a conversion X = 0.5 and dp = 1 mm. Kov

= 129.4 Pa−0.5s−1, kmt = 0.36 m/s (Gunn) PO3,p = 50 Pa, and Pep was evaluated for a
1 mm particle and the maximum gas superficial velocity experienced in the experiments
(U ≈ 2 m/s, so Pep ≈ 2).

throughout a 1 mm particle. We also did this check experimentally, by running ac-
tivity tests with smaller catalyst particles. This confirmed the existence of internal
mass transfer limitations.

It should be noted then that our kinetic experiments measure the apparent reac-
tion rate, which is partly determined by the intraparticle diffusivity. The existence of
internal mass transfer mainly effects the interpretation of the resulting kinetic con-
stants. These are overall (or apparent), i.e., including internal mass transfer rather
than intrinsic parameters. Because the internal mass transfer limitations will be the
same in the riser flow as in the packed bed, the overall parameters can be safely used
for analyzing the riser flow experiments.

6.3.1.1 Catalyst deactivation

Since one of our main objectives is to have well-defined experiments for model
validation purposes, we need to know the reaction rate at which we perform the
experiments under riser flow conditions. However, we observe that the catalyst deac-
tivates quickly after short exposure time to an oxygen atmosphere (see Figure 6.3),
so we flushed oxygen for one hour to reach steady state and measure the apparent
reaction rate (no internal mass transfer limitations quantified). We want to make sure
that all catalyst loaded in the riser has the same activity as found in our packed bed
reactor. Thus, we flush the catalyst in the riser for one hour with air plus ozone. To
confirm that steady state is reached we register the outlet ozone concentration with
time. The catalyst reached a stable activity after only 30 minutes of fast fluidization.

6.3.1.2 Ozone decomposition on MnO-CuO-γ-Al2O3 Kinetics. Packed
bed measurements

After long usage time, the catalyst activity was reduced. We prepared two batches
of catalyst. One of them is used in riser experiments short time after its preparation
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Figure 6.3: Catalyst deactivation in packed bed reactor.

(Catalyst I), while the other is old and used again after long time usage (Catalyst
II). To measure the apparent reaction rate of ozone decomposition, equation (6.4) is

Figure 6.4: Catalyst activity before and after riser experiments Catalyst I.

employed to fit our experimental data and obtain k1. The value of k1 corresponds to
the slope of a linear fitting when we plot the gas residence time versus H as given in
equation (6.4). In Table 6.3 we show the measured ozone partial pressure for Catalyst
I for two time instances. The first measurement was conducted at a short time after
its activity stabilized and the second after performing the set of three experiments
in the riser (6 hours approximately). In Figure 6.4, we show the catalytic activity
by fitting the kinetics as described by eqn. (6.2), where k3 is set to 0.03 (1/Pa), k2

to 100 (1/Pa) and the intercept to 0 the value of would be k1 = 7.9·105 s−1, for the
oxygen partial pressure we used PO2 = 2·104 Pa. As it can be seen in Figure 6.4, the
catalyst activity remained practically constant after the riser experiments.

In Table 6.4, we show the kinetic measurements for Catalyst II. The kinetics is
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Table 6.3: Packed bed reactor measurements.

Before After

τ (s) PT (bar) PO2
(Pa) PO3,in

(Pa) PO3,out
(Pa) PO3,in

(Pa) PO3,out
(Pa)

0.042 1.46 3.11·104 23.67 10.36 21.89 9.64

0.054 1.39 2.96·104 28.03 10.14 26.90 10.86

0.069 1.30 2.77·104 33.85 10.27 32.40 10.69

0.084 1.26 2.68·104 40.34 10.21 38.94 10.74

0.11 1.20 2.55·104 49.24 7.54 47.91 8.89

Figure 6.5: Catalyst activity before and after riser experiments Catalyst II.

described by eqn. (6.2), where k3 is set to 0.03 1/(Pa), k2 to 100 1/(Pa) and k1 =
5.15· 105 s−1 (see Figure 6.5).

6.3.2 Riser flow - solids holdup and ozone gas mass fraction
profiles

In this subsection, we discuss the riser hydrodynamics when γ-Al2O3-based par-
ticles are employed in our pseudo-2D circulating fluidized bed. PIV/DIA coupling
technique has been employed to obtain full-field hydrodynamic data. Besides, parti-
cle clusters are identified and characterized in order to explain the features related to
the ozone gas mass fraction profiles that are shown in subsequent sections.

Hydrodynamic data
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Table 6.4: Packed bed reactor measurements.

Before After

τ (s) PT (bar) PO2
(Pa) PO3,in

(Pa) PO3,out
(Pa) PO3,in

(Pa) PO3,out
(Pa)

0.042 1.46 3.11·104 21.01 12.13 21.89 12.87

0.054 1.39 2.96·104 26.48 15.07 27.32 15.35

0.069 1.30 2.77·104 32.40 16.86 33.05 16.73

0.084 1.26 2.68·104 38.56 18.38 39.44 18.00

0.11 1.20 2.55·104 47.18 19.09 48.38 18.01

Full-field data of the solids volume fraction at three different gas superficial veloc-
ities are shown in Figure 6.6. It can be noticed that at U = 5.55 m/s, the profile is
characterized by U-shape along the cross-sectional direction. The bottom section of
the riser is denser than at the top with larger gradients along the cross section of the
riser. These profiles gradually become more uniform at upper locations of the system.
At increasing gas superficial velocity (U = 5.95 and 6.35 m/s), the surfaces show that
fully developed flow is attained at a short distance from the gas distributor. At U
= 5.95 and 6.35 m/s the surfaces show a rather dilute system throughout the riser,
while density gradients along the cross section are more uniform than at U = 5.55
m/s. It can also be observed that at the bottom-left section of the pseudo-2D riser
(x=0, z=0, where the lateral solids inlet is located), there is a high solids content at
all operating conditions. In Figure 6.7, we show axial and cross-sectional profiles of
the time-averaged solids volume fraction. It can be clearly seen that at U = 5.55 m/s,
the system is denser than the other two experiments. At increasing gas superficial
velocity, experiments at 5.95 and 6.35 m/s (U) describe very dilute systems, which
are nearly indistinguishable.

By means of PIV measurements we can also obtain full-field data of the solids
mass flux. In Figure 6.8, we show the circulation pattern at different gas superficial
velocities. We can observe that solids tend to flow upwards in the center of the pseudo-
2D riser, while these tend to flow downwards near the walls. It can also be observed
that solids in the core flow at higher velocities at bottom sections of the riser than at
upper locations. The profiles become flatter at upper locations of the riser. At higher
velocities, the area where solids mainly flow downwards is reduced, generating more
homogeneous circulation patterns throughout the experimental domain.

Solids volume fraction and solids mass flux measurements provide a general overview
of the riser hydrodynamics. However, the performance of a riser cannot be merely ex-
plained by time-averaged properties. Particle clusters tend to form close to the walls,
enhancing gas bypassing and causing poor gas-solid contact. Thus, information about
flow heterogeneities is also relevant to further characterize the experiments’ hydro-
dynamics. Clusters have been identified and characterized by means of a detection
method published elsewhere [80]. In Figure 6.9, cluster centroids are binned along the
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Figure 6.6: Full-field time-averaged solids volume fraction data.

length and width direction of the riser and normalized by the number of experimental
images collected for each experiment. It can be seen that cluster formation is more
frequent in the bottom zone of the riser compared to the top zone. It is also noticed
that the system is more heterogeneous at the lowest gas superficial velocity (U = 5.55
m/s). Concerning the other two experiments, it is noticed that there are only slight
differences regarding the cluster concentration. Although it is expected that the most
dilute system corresponds to the experiment at U = 6.35 m/s, this is not clear from
the shown data. Maybe, higher collisional frequency with the top wall at U = 6.35
m/s plays a role to attain a system of similar density as for 5.95 m/s.

The area of all detected clusters was also quantified. These data are shown in
Figure 6.10, where it can be observed that clusters are larger at bottom sections
of the riser than at the top. Actually, these clusters could be as big as 0.04 meter
(slightly above half distance of the riser width).

The fraction of time each interrogation area was occupied by clusters during an
experiment, Fc, is shown in Figure 6.11. It can be seen that clusters are present for
longer times close to the walls and in the bottom zone of the riser.

6.3.2.1 Ozone gas mass fraction profiles

In Figure 6.12, ozone gas volume fraction measurements for Catalyst I are shown.
It can be seen that the ozone concentration is significantly higher along the center
line of the riser (x = 0.035 m) than close to the walls (x = 0.005 and 0.065 m). This
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Figure 6.7: Axial and cross-sectional profiles of the time-averaged solids volume frac-
tion.

is likely caused by large gas bypassing in the core of the riser. This feature is easily
correlated to the solids volume fraction and cluster time fraction fields (see Figures
6.6 and 6.11, since particles concentration is significantly lower in the riser core than
near the walls at all U values. The ozone gas volume fraction profile at cross-sectional
position x = 0.035 meters decreases constantly until the top of the riser, but there is
still a large amount of ozone that remains unchanged with y values ranged between 0.9
and 1. Near the walls, a higher conversion rate is observed. This is easily explained by
the higher cluster frequency close to the walls. It is also noticed that the conversion
rate at the walls decreases at higher superficial velocities. Ozone reacts very quickly
at the bottom section of the riser and its concentration remains constant from z =
0.44 meters onwards. A noticeable asymmetry is observed between the profiles at the
right and left sides. At x = 0.065 m the ozone concentration significantly drops at
the bottom section of the riser till a height of approximately 0.44 m. Near the walls
(x=0.005 and 0.065 m), most of ozone is converted in the bottom section of the riser.
If we inspect Figure 6.11, we see that the cluster time fraction noticeable higher at
the bottom section as well. At axial coordinates higher than z = 0.3 m the ozone
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Figure 6.8: Full-field solids mass flux data.

concentration is approximately constant.

If a plug-flow behavior were assumed, continuously decreasing ozone concentra-
tions would be expected when moving up along the axial direction. However, the
measured values seem to become constant, indicating that ozone is not further con-
verted beyond z = 0.3 m. This is partly explained by the fact that the solids volume
fraction is lower in the top of the riser, but we suspect also another phenomena is at
play.

It should be remarked that the reported values correspond to time-averaged mea-
surements. The UV analyzer extracts 0.5 liter/min of sampling gas for a duration
of 10 seconds before it updates a concentration value. Thus, this is a kind of time-
averaged concentration measurement. In a stationary plug-flow model, however, the
quantities that appear are cup-averaged quantities. For a heterogeneous intermittent
flow this two distinct ways of averaging will give very different results. Thus, the
measurements do not contain information that can be easily interpreted by means of
a stationary plug-flow model.

A possible explanation for the observed profile is that clusters, which contain
gas depleted of ozone, cover the sampling ports for longer times than particle-dilute
volumes that (still) contain a lot of ozone. At lower sections of the riser, more clusters
are present than in the upper sections (see Figure 6.6). This causes that in the
bottom section the measured time-averaged concentration is lowered. So, while (in
a cup-averaged sense) the concentration possibly decreases beyond z = 0.3 m, also
the presence of clusters decreases. Because (slow moving) clusters are associated with
very low concentrations of ozone, a decrease in the number of clusters can give rise
to an increase in the measured time-averaged concentration.

On the left side (solids inlet), the ozone concentration drop is more pronounced
at the bottom and this increases throughout the height of the riser. This could be
explained by a higher solids content, but this is not observed in the plots of Figure
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Figure 6.9: Cluster per frame along the riser length and width.

Figure 6.10: Averaged cluster diameter along riser length.

6.6. Another possible cause is that some gas bypasses from the downcomer due to the
lateral feeding of particles and dilutes the ozone concentration at the left side of the
riser. Although the recycling pipe has only a small opening at the bottom of 4 mm
to enable the solids feeding, it seems to be unavoidable to have some air entering into
the riser unit. Actually, experiments were performed (see Appendix E) with ozone
and inert alumina particles in order to assess this effect. It was observed that only
sampling ports located at the left side were affected by this gas bypassing, leading to
lower ozone concentrations due to this effect. In these experiments sampling ports at
x = 0.035 and 0.065 meters produced ozone concentrations equal to the inlet ozone
concentration, so they were unaffected by this effect.

In Figure 6.13, we show the axial profiles of the time-averaged ozone gas volume
fraction with the least active catalyst batch (Catalyst II). Regarding the riser per-
formance, we see that lower conversion rates compared with those from Figure 6.12
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Figure 6.11: Cluster time fraction field data.

are observed. It is noticed that the ozone concentration at x = 0.035 meters remains
almost constant throughout the riser height at all operating conditions.

In this chapter we report local measurements of the time-averaged ozone concen-
tration. Although these measurements can somehow reflect the riser performance,
the sampling ports are continuously covered and uncovered by solids. To have a more
complete information about the riser performance at changing gas superficial veloc-
ity and reaction rate the ozone gas volume fraction at the riser gas outlet was also
measured. These measurements were sampled from the exhaust pipe of the cyclone,
where the gas is absent of particles and is assumed to be homogeneously mixed. A
change in U has an effect not only on the catalyst inventory in the system, but also
on the gas residence time. It is expected that the normalized ozone volume fraction
y = Pa/Pa,0 increases with increasing gas superficial velocities and reaction rates as
Figure 6.14 shows.

From Figure 6.14, it can be seen that the normalized ozone volume fraction in-
creases at increasing gas superficial velocity. Although clustering phenomena are
enhanced at lower gas superficial velocities, the catalyst loading of the system and
the gas residence time decreases as well. It is also noticed that a higher catalyst
activity leads to a higher ozone conversion rate at comparable operating conditions.
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Figure 6.12: Axial profiles of time-averaged ozone gas volume fraction with Catalyst
I at a) x = 0.005 m b) x = 0.035 m c) x = 0.065 m.

Figure 6.13: Axial profiles of time-averaged ozone gas volume fraction with Catalyst
II at a) x = 0.035 m b) x = 0.065 m.

6.4 Conclusions

A full-field PIV/DIA technique is coupled to ozone decomposition measurements
to perform a complete study on the riser performance under different gas superfi-
cial velocities and reaction rates. Ozone decomposition is catalyzed by copper and
manganese species supported on γ-Al2O3 particles. This process has been selected
as a model reaction to relate hydrodynamic properties to ozone gas volume fraction
profiles on a lab-scale pseudo 2D riser reactor. Kinetics of the two catalyst batches
with different activity were measured and characterized.

Identification and characterization of clusters have shown to be relevant in the
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Figure 6.14: Ozone conversion at riser outlet.

interpretation of the ozone gas volume fraction measurements. Lower gas superficial
velocities and a higher catalyst activity and gas residence time lead to higher ozone
conversion rates. Increasing gas superficial velocity leads to more homogeneously dis-
persed systems, where ozone concentration gradients along the riser width are less
pronounced. It is questionable whether these local measurements can be employed
to determine the gas-solid contact efficiencies as other authors did in the past. It is
expected that large pockets of unreacted gas can easily have a lower residence time in
the sampling ports than gases that are partly retained into the cluster motion (slow
process) and contribute for longer times to the concentration measurement. Thus,
predictions of gas solid contact efficiencies can be easily overestimated, and conse-
quently lead to inaccuracies if plug-flow derived models are utilized to quantify the
performance of riser reactors. Despite our efforts to extensively characterize lab-scale
riser experiments, we miss gas flow field data to elucidate more details about the
gas-solid contacting, e.g. online visualization of the gas motion and ozone concentra-
tion field. Thus, instantaneous measurements of ozone concentration by an infrared
technique [174, 175] could be quite elucidating to know to which extent gas phase
interacts with dense particle clusters. By changing the model reaction to carbon
monoxide oxidation, hydrodynamic-mass transfer experiments could be performed at
room temperature with an hopcalite-based (a copper-manganese oxide spinel) cata-
lyst since others authors have reported sufficient activity at room temperature and
can be therefore compatible with the PIV-DIA technique.
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Chapter 7

Conclusions and Recommendations

In this thesis, an experimental and computational study on riser hydrodynamics
and mass transfer phenomena has been performed. Special attention has been paid
to the characterization of particle clusters and mass transport mechanisms that are
related to clustering phenomena. Experiments under fast fluidization conditions have
revealed the existence of a segregative circulation pattern (core-annular flow), where
dense particle clusters are formed near the side walls and a dilute solid phase exists
in the core of the riser chamber.

Detailed hydrodynamic experiments under riser flow conditions were conducted,
utilizing a suitable DIA technique. This technique enabled non-intrusive measure-
ments of the solids volume fraction in the pseudo-2D riser, removing image imperfec-
tions caused by inhomogeneous lighting and background noise. Hence, isolating pixel
intensity values caused by the presence of particles was feasible. Synthetic images
(which resembled our experimental image environment) were generated from CFD-
DEM simulations to correlate 2D image intensities to known solids volume fraction
data. This technique showed a great robustness to light image imperfections and
provided reliable experimental measurements of the solids volume fraction. The DIA
technique showed to be independent of the image resolution when the particle size was
at least 2 pixels. Additional validation was established by means of experiments with
a known solids content in a closed environment (bubbling regime), where the experi-
mental error was up to 19 %. Thus, there is still room for improvement by increasing
the accuracy of solids volume fraction measurements in fluidized systems. It has to
be noted that the data source for DIA measurements are two dimensional images.
Thus, under dense fluidization conditions, the spatial information in the out-of-plane
direction is subject of an unavoidable error margin that can only be minimized by
increasing the dp/D ratio. Thus, more sophisticated techniques are required to over-
come this issue, which is common to traditional optical techniques. To the author’s
opinion, to acquire accurate full-field experimental data of solids volume fraction on
three dimensional riser units is still a challenge. Other non-intrusive techniques such
as γ-ray densitometry have a great potential to overcome these issues. But mostly
these techniques are restricted to relatively small units.

In this study, full-field experimental data of riser hydrodynamics were collected.
These experiments were performed with 0.85 mm glass beads to meet the visual
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requirements of PIV and DIA techniques, and decrease the computational expenses
for validation procedures with Euler-Lagrange models (lower particle number for a
given solids content). To establish the definition of a cluster turned out to be very
challenging. Previously reported definitions of clusters are mostly based on voltage
signal fluctuations (related to intermittency index) that can be supplied by local
capacitance/optical probes on industrial scale riser units. The intermittency index
was shown to increase from core to wall and from the bottom to freeboard section of
the riser. Our experiments are in line with observations reported by other authors
[3, 4] in the sense that cluster formation leads to highly intermittent flow structure.
So, if it is aimed to systematically detect clusters employing a uniform definition
under riser flow conditions, cluster criteria based on solids volume fluctuations are
inappropriate. To overcome this issue, uniform thresholds of solids volume fraction
were used to detect cluster structures with uniform criteria applied throughout the
whole riser domain. Thus, the PIV/DIA coupling technique and a systematic cluster
detection strategy enabled an extensive characterization of riser hydrodynamics and
obtain relevant information about cluster properties at different operating conditions
that can be used for validation of numerical models.

CFD-DEM simulations were performed in order to test its reliability to predict
riser hydrodynamics and clustering phenomena. It was shown that the Beetstra drag
correlation [112] and the soft sphere model were suitable closures to model com-
plex clustering phenomena. The experimental data were used to validate key hy-
drodynamic data such as solids volume fraction, solids mass flux and several cluster
properties such as cluster size distribution, internal solids volume fraction, velocity
and aspect ratio. We have shown that cluster-related properties can be accurately
predicted by CFD-DEM. However, more experimental and computational work is rec-
ommended by the author to extend this statement to other operating conditions and
materials (e.g. FCC particles). Experimental measurements of collision parameters
with other materials would be required. For instance, spherical γ-alumina particles
can be either solid or porous, and therefore possess a different surface roughness and
area of collision, which can have a great influence on the collision parameters. All
these material properties should be sufficiently characterized to feed suitable parame-
ters into a simplified collision model, where the impact angle and the relative velocity
are assumed to not have influence on the restitution coefficients.

The impact of particle clusters on riser reactor performance was assessed and quan-
tified as well. CFD-DEM simulations of a catalytic first order irreversible reaction
under riser flow conditions were performed in order to identify mass transfer limiting
mechanisms when clusters are formed. Axial gas dispersion and mass transfer from
bulk gas phase to the particles’ surface turned out to have minor impact on the riser
performance. It was explicitly shown that cluster formation leads to poor gas-solid
contact. The reason resides in the fact that particles located at inner locations of a
cluster are not fully exposed to the surrounding bulk gas phase. This poor gas solid
contact is enhanced by the fact that the gas phase tends to seek pathways where the
local flow resistance is lower, circumventing the cluster structure. However, it has also
been shown that there is a wide range of different degrees of interaction between clus-
ters and the surrounding bulk gas phase (large scattering of γcl data). By means of
CFD-DEM simulations and a suitable definition of cluster contact efficiency, we were
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able to quantify all these events and perform a parametric study, where the influence
of the reaction rate and the gas superficial velocity on the gas-solid contact efficiency
could be quantified. An important outcome of this work was to observe that riser
flows can be rather chaotic and that some gas can pass through the cluster structure,
enhancing the cluster-fluid mass transfer convective interaction. Clusters are affected
by the presence of other clusters downstream. Gas pockets with large velocities are
formed when they circumvent clusters, and have higher efficient interaction with clus-
ters found upstream. These observations have enabled relevant insight about the
correctness of cluster-based mass transfer models that assume clusters as “big porous
particles”, which inner particles are assumed to interact with the bulk gas phase only
by mass diffusion phenomena. These findings highlight the importance of resolving
meso-scale particle structures, and accurately resolve the gas-solid interaction in riser
flows. This work raises the question about the possibility to develop accurate clo-
sures for coarse-grained models. Thus, it seems important to pursue intensive efforts
towards the computational optimization and parallelization of CFD-DEM codes to
predict accurately complex clustering phenomena that have been shown to have a
strong impact on the riser reactor performance.

Besides the hydrodynamic study, efforts have been made to study a chemically
active process. In this case, ozone catalytic decomposition at room temperature has
been chosen as model reaction to correlate ozone concentration measurements to hy-
drodynamic results provided from PIV/DIA technique. The catalyst activity was
measured in a packed bed system, and the catalyst particles were physically charac-
terized. Axial profiles of the time-averaged ozone concentration were collected. In
the riser, our measurements revealed strong cross-sectional gradients of the solids
distribution and ozone concentration along the riser height. In agreement with pre-
vious authors [29], the conversion rate in the upper region of the riser was found to
be almost negligible. In regions where cluster formation was more dominant, lower
ozone concentrations were measured, while at the core of the riser, it was found that
little amounts of ozone were converted. In literature, plug flow models corrected by
a gas-solid contact efficiency parameter have been proposed to quantify the riser per-
formance. To do this, ozone concentration local measurements have been used to
compute the gas-solid contact efficiency and model the conversion rate along the riser
height. Our experiments emphasize the need to collect hydrodynamic information
from the gas phase as well. Local measurements of ozone concentration are time-
averaged and therefore the concentration of ”slow moving” clusters with low ozone
content and long coverage time gets more weight than that of the ”fast moving” dilute
solid phase with high ozone content. This makes that the time-averaged concentration
will differ significantly from the cup-averaged concentration used in plug-flow models.

This work has highlighted the need for more sophisticated experimental techniques
that provides hydrodynamic information of both, the solid and gas phase as well. As
shown in this work, clusters can have different degrees of interaction according to
their size and surrounding conditions. Further research can be performed towards
the development of experimental techniques that enable the solids volume fraction
measurements under denser operating conditions (e.g. dense solids upflow regime).

The insertion of baffles can provide more uniform solids and concentration distri-
butions, increasing both the solids holdup and the gas-solid contact efficiency [27].
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Thus, it would be interesting to perform CFD-DEM simulations with baffles to observe
whether the cluster gas contact efficiency improves and check if the solids distribution
is also well predicted by the model.
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Appendix A: Conventional DIA method

A.1. Image Normalization

The conventional DIA post-processing method has been previously applied to
quantify solids volume fraction for pseudo-2D dense granular systems [2, 1]. This
method usually requires local image filtering techniques, which will be explained in
detail in this section.

Given a fluidized system with dark particles and light background, low intensities
will represent the solid phase, and high ones the background phase. For instance,
if there is a dark stain in the background, this detail will be captured on an image.
This dark stain will consist of a group of pixels with variable grayscales that will
be lower than the background intensity. These image intensities are post-processed
and quantified as particle phase, whereas it is only an “imperfection” of the back-
ground. The objective of employing image filtering techniques is to “clean” the image
of such unwanted features that could lead to inaccuracies in the DIA experiment
post-processing.

Large areas are more difficult to illuminate and therefore shadows and light gra-
dients become more prominent in the recorded images. This is where the removal of
these image distortion factors becomes essential to obtain an accurate estimate of the
solids volume fraction in a fluidized system. A median filter is employed to remove
background noise, or what is called “salt and pepper noise” [62], which consists of
spots of very small size. Actually, our experimental background has many such small
spots due to its manufacturing process. These spots can be easily removed by apply-
ing a median filter. The median filter fills up every pixel of the image by the median
element of its neighborhood, removing low and high intensity peaks within a certain
area, which size is defined by the kernel. The size of the used kernel can be tuned,
and therefore an increased size is used if the unwanted spots or stains have larger
areas. However, in a fluidized system, particles could be removed if the kernel size
clearly exceeds the particle size, losing relevant information for the DIA experiment.

In a riser, not only spots are present, but also shadows close to walls and light
gradients, the areas of which clearly exceed the particle size. Therefore, the use a of
median filter only is not sufficient to remove or minimize the impact of these shadows
on the DIA post-processing. Thus, apart from the median filter, a local intensity nor-
malization is typically required. Once the median filter has been applied, the resulting
intensity of each pixel can be normalized over the minimum and maximum intensities
of its corresponding neighborhood, whose size is predefined by the used kernels. The
aim of this local image normalization is to smooth intensities corresponding to stains
of bigger size that cannot be removed by the median filter. Furthermore, minimum
and maximum filters could be employed with a blurring filter to further attenuate the
intensity of these big shadows. The normalized intensity of each pixel is expressed in
eqn. (A.1):
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ϕ2D (I) =
Imax,k − I

Imax,k − Imin,k
(A.1)

where Imin,k and Imax,k, are respectively the blurred minimum and maximum inten-
sities of the pixel neighborhood, which size is defined by the kernel employed in the
image filters.

For poorly illuminated objects, this method requires a trial-error iteration, to
optimize the kernel size for each of the different applied image filters. By changing
the kernel size of a filter, a different outcome will eventually be obtained. This is
why an iterative procedure is needed to optimize the quality of the normalized image.
After several iterations, optimal kernel sizes can be found to search for the image
that more closely resembles to the original one while unwanted intensities have been
successfully removed (shadows, light gradients and other image imperfections).

Figure A.1 shows a sequence of the intermediate steps that are conducted to
normalize image A.1.a. After testing different kernel sizes in an attempt to remove as
many undesired image details as possible, only the optimal result is shown in image
A.1.e. Image A.1.b is the result after application of a median filter to the original

Figure A.1: Conventional DIA Post-processing of an experimental image. a: Original
image. b: Median filter. c: Blurred Minimum filter d: Blurred Maximum filter. e:
Normalized image.

image (A.1.a), whereas images A.1.c and A.1.d are respectively the results of blurred
minimum and maximum filters, over which the local normalization is done. Figure
A.1.e is the final result after applying all corresponding filters. It can be seen that the
particles are blurred and shadows are still present in the image, leading to significant
inaccuracies in the solids volume fraction estimation.

To better illustrate the iterative nature of this procedure, a short sequence of
normalized images is shown in Figure A.2. In this case, a synthetic image is post-
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processed. Figure A.2.b corresponds to a synthetic image with added image imperfec-
tions such as shadows, light gradients and spotted background; whereas Figure A.2.a
corresponds to the same image where only particles and clear background are shown,
and this would represent our reference image to evaluate the quality of the image
normalization.

Figure A.2.c shows the first normalized image after applying a median filter with
a 3 × 3 kernel to figure A.2.b. It can be observed that the outcome of the image
normalization is not satisfactory, since the particles are not distinguishable from the
spotted background and this would lead to large errors in the solids volume fraction
quantification. Thus, we perform a second trial by increasing the kernel size of the
median filter, thus obtaining image A.2.e. The usage of a bigger kernel further clears
the image, easing the distinction between particle and background phases. However,
the background still differs from image A.2.a, which would be our target image to
reproduce. A third trial is performed to normalize image A.2.b, by adding the local

Figure A.2: a: Original image. b: original image with shadows and other imperfec-
tions. c: median filter 3 × 3 kernel. d: 3 × 3 median filter plus 3 × 3 blurring plus
normalization over 3 × 3 minimum and maximum filters. e: 7 × 7 median filter. f:
7 × 7 median filter plus 7 × 7 blurring plus normalization over 7 × 7 minimum and
maximum filters.

normalization filter given by eqn. (A.1) with filter kernel sizes of 3 × 3 pixels, gives
Fig. A.2.d. This results in an even less spotted background, but it is also noticeable
as a slight blurring in the image and it is still quite hard to distinguish particle and
background phases. On a final iteration, blurring, median and local normalization
filters of 7 × 7 pixels kernels are applied giving Fig A.2.f Although, Figure A.2.f reveals
a qualitative improvement compared to the previous normalized images, shadows close
to the walls are not removed and stains are found throughout the whole image.
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The usage of bigger kernels results in the loss of image details that are smaller
than the size of the employed kernels (in our case, the particles, which particle diam-
eter could be ranged between 2 and 4 pixels) and therefore alter the hydrodynamic
information of the image. Thus, we limit our iteration to kernels smaller than 7 × 7
pixels.

Additional iterations could be performed by changing the kernel size of the utilized
image filters. However, these are locally applied and therefore do not successfully
isolate the desired information when poor lighting conditions are given, making this
procedure tedious and time-consuming without achieving satisfactory results.

A.2. Correlation 2D-3D solids volume fraction

Synthetic images of a bubbling fluidized bed were employed to obtain eqn. (2.7).
According to Van Buijtenen et al., the values of constants A and B can be obtained
through an iterative procedure that minimizes the difference between the estimated
solids weight (by DIA) and the real solids weight of the system [1]. This method is
especially suited for bubbling fluidized beds, which domain is closed and its solids
content is always known and constant. Thus, this method would not be applicable
for riser flow conditions.

De Jong et al. showed that the dp/D ratio has a noticeable influence on the 2D-3D
correlation [2], which constants can be known without need of any calibration with the
total solids weight contained in the bed. Constant A is claimed to be dependent on
a light intensity gradient that changes at different dp/D ratios and can be computed
with the equation given below:

A ≈ ϕ3D

ϕ2D
≈ Vp/Vcell
Ap/ScellIp/Imax

≈ 1.028
dp
D

(A.2)

De Jong et al. also reported different B constant values that were claimed to be fixed
at known dp/D ratios[2].



Appendix B: Technical details of THM

B.1. Fitting 2D-3D correlation

For each DIA experiment in Chapter 2, 191,000 normalized intensity data points
were obtained from post-processed synthetic images and correlated to the real solids
volume fraction data from CFD-DEM simulations.

These data points were fitted to eqn. (2.4) by using weighted least squares method,
of which the results are shown in Figure B.1. All these points were weighted on region
basis to avoid a biased fitting due to regions with higher density of data points. Thus,

Figure B.1: Fitting sample.

the whole solids volume fraction range was divided into 100 bins, where each point
weight was inversely proportional to the number of data points of its corresponding
bin. Thus, each data point weight was computed as follows:

wi,bin =

∑i=N
i=1 ni,bin
ni,bin

(B.1)

In this case the values the fitted values of A and B are 0.1397 and 0.9904 respectively,
with a regression coefficient equal (R2) to 0.9861.

B.2. Procedure of generating synthetic images.

Subpixel intensity was implemented in a homemade script to generate 8-bit syn-
thetic images. Each pixel was subdivided into 8 × 8 subpixels areas to approximately
quantify the fraction of particle area that was occupying the evaluated pixel.

139



140B.3. Determination of f in experiments. Sensitivity analysis of light fluctuations

Thus, the particle intensity was calculated as follows:

Ii,j =

(
Noccupied

64

)
· (Ip) + Ibackground (B.2)

where Noccupied is the number of subpixels that are occupied by particle phase,
Ibackground is the background intensity at the particle location and Ip is the intensity
of a fully occupied pixel by particle phase.

Spotted background and uneven lighting effects were empirically generated by
means of the next equations:

Ii,j = 100− round (8 · unif ()) + 0.001 · (C/2− i)2
+ 5 · 10−6 (R/2− j)2

(B.3)

where C and R, are respectively the number of pixel columns and rows of the synthetic
image, and unif() generates uniformly distributed numbers between 0 and 1. The
intensity was further increased by 15 units to mimic shadows close to the walls of all
pixels which of the i coordinate was lower than ceil (0.1 × L) and higher than ceil
(0.9 × L).

For comparison purposes between simulation and post-processed data, images of
eightfold the number of grids employed in their respective simulation were generated.
For example, for experiment B, images of 2164× 168 pixels were generated. Pixel-data
of these images were locally averaged into 273 × 21 grid data fields. Thus, each image
was windowed into 8 × 8 pixel grids to have the same mapping as in the simulations
to enable a quantitative comparison between post-processed and computational solids
volume fraction data. All sets of synthetic images had these dimensions, except those
belonging to experiment I consisting of 3408 × 264 pixels.

B.3. Determination of f in experiments. Sensitivity analysis of light fluc-
tuations

Given a normalized image, fully covered pixels should ideally have a ϕ2D = 1.
However, this could not be the case if there are fully covered pixels by lighter par-
ticles. In that case a lighter particle fully covering a pixel does not correspond to a
minimum intensity. Thus, we have performed additional calibrations for cases where
the particles of the system had an intensity variation. Thus, we generated several sets
of synthetic images where the particle intensity had a random fluctuating component
(ϕ2D = Ip + (Ran3 ()) · Ip · f). In this way, we could correlate the fluctuating com-
ponent of the intensity to the solids volume fraction data to new A and B values as
needed for the correlation Eq. (2.7).

After evaluating the influence of the particle intensity fluctuations, we have fitted
the dependence of A and B parameters into the equations below:

A (dp/D) = 0.6818 ·dp/D+0.081 ·f +0.024±0.001 B = 0.99−0.45 ·f ±0.01 (B.4)

where A and B parameters depend on a factor f that accounts for the fluctuations of
the particles intensity (either caused by light reflections or different color intensity).

It has to be noted that the f component is known in simulations. However, we had
to determine this parameter in experiments as well. In Figure B.2, the probability
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Figure B.2: Probability density distribution of 8 × 8 pixel interrogation areas. Cat-
alyst Particles.

density distribution of the normalized intensity at interrogation area level (8 × 8
pixels) is plotted (of a set of 4,000 experimental images). These intensity values are
proportional to the interrogation area coverage by particle phase. So in an ideal case,
the intensity of a fully covered interrogation area by solid phase should be equal to 1
(B value from previous equation). However, these can be slightly lower if the particles’
intensity change. To correct for this, an appropriate value of f has to be selected.
We realize that there can be a small margin of uncertainty to select the value of the
f factor from the previous graph (see Figure B.2).

Thus, in this appendix we will assess the influence of the f factor to quantify the
sensitivity of our hydrodynamic results. The sensitivity analysis is performed for B
values ranging between 0.63 and 0.8, corresponding to f values ranging between 0.42
and 0.755.

B.4. Solids volume fraction

A higher f value is translated in an shift of the asymptote B to lower values of
the normalized intensity and light increase of the slope A of the 2D-3D correlation
previously reported. Thus, higher f values will lead to higher solids volume fraction
values. To perform the sensitivity analysis of this parameter, we chose the densest
reported experiment in this thesis and post-processed these images at different values
of f . In Figure B.3 it can be seen that the variability range of the time-averaged
solids volume fraction decreases along the height of the riser. It should be noted that
the sensitivity of f factor is proportional to the particles holdup and this becomes
smaller in more dilute areas. Concerning the axial profile of the time-averaged solids
volume fraction, the differences can amount up to ϕs = 0.10, while these differences
become less than ϕs = 0.03. For the cross-sectional profiles, it can be seen that the
differences also drop in more dilute areas of the riser. Above a height of z = 0.8
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Figure B.3: Axial and cross-sectional profiles of the time-averaged solids volume frac-
tion. Alumina particles of 1.05 ± 0.15 mm at Gs = 33 kg/(m2s) and U = 5.55
m/s.

meters, the differences amount up to ϕs = 0.03. This is the main reason to advise
DIA technique for dilute fluidized systems.

B.5. Clusters

The total number of detected clusters varies between 21,526 and 18,386 at f values
of 0.75 and 0.42 respectively (see Figure B.4 left). The internal solids volume fraction
of clusters is an averaged value between the cluster core (ϕs=0.6) and the wake solids
holdup. It can be seen in Figure B.4(right) that the number of densest clusters
(ϕs=0.6) is the number that changes the most. Concerning the number of less dense
clusters, the fluctuations are almost negligible.

Consistently with previous results the cluster size distribution is only slightly
affected by a change on the f factor (see Figure B.5). The cluster velocity is an
averaged value of the particle velocity of interrogation areas occupied by the cluster
under consideration. It should be noted that these values are weighted by the solids
volume fraction. We see in Figure B.5 (right) that a change in f leads to only small
changes in the cluster velocity distribution. Concerning the total number of clusters
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Figure B.4: Left: Cluster distribution over riser width. Right: Distribution of cluster
internal solids volume fraction.

Figure B.5: Left: Cluster size distribution. Right: Cluster velocity distribution.

detected, it can be seen that the profiles are qualitatively quite similar.

B.6. DIA parameters - catalyst particles

A DIA technique previously reported (see chapter 2) was utilized to quantify
solids volume fraction data under riser flow conditions with alumina-based particles.
It has to be noted that the catalyst particles after calcination, acquired a black color,
possibly due to the presence of manganese and copper oxides. Although this was
quite homogeneous, different color intensities could be perceived. This color variation
necessitates the value determination of f in the DIA method, since fully covered
interrogation areas may not reach ϕ2D = 1. In the image post-processing, there is
a first pass, where minima and maxima intensity are registered at the pixel level.
In the second pass, each pixel is normalized between its respective minimum (fully
covered pixel by particle phase) and maximum (empty pixel). It has to be mentioned
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Figure B.6: Left: Probability density distribution of 8 × 8 pixel interrogation areas.
Right: Picture of catalyst particles.

that intensities are inverted to quantify for the particle phase holdup. Thus, image
intensities are proportional to pixel coverage by particle phase. After this, intensity
values are averaged and windowed into areas of 8 × 8 pixels to match the particle
velocity field data (acquired by means of PIV). Then, the reported correlation is
used to quantify the solids volume fraction data. Thus, in Figure B.6, low intensities
correspond to dilute interrogation areas, while those close to one are denser. In a
dense experiment (e.g. at bubbling regime conditions), if an interrogation area of 8 ×
8 pixels is occupied by a very dense cluster with maximum packing factor (ϕs ≈ 0.60)
the intensity should equal 1. However, as Figure B.6 shows, the particles intensity can
slightly change, so the averaged intensity at an interrogation can easily have values
lower than 1. Thus, we performed an experiment with very high density of solids,
assuming that empty interrogation areas and those occupied by clusters are dominant
in the image (bubble and emulsion). Thus, to quantify the averaged cluster intensity
at the window scale level, a probability density distribution is computed of all image
intensity values at the interrogation area scale level. This profile, (see Figure B.6)
has two high-peaks, where we can easily identify the cluster averaged intensity, which
will be approximately ranged between 73 and 93 bins of an 8-bit experimental image.
In this case, we computed an f value of 0.49 (assuming dp is 1 mm for all particles),
while for glass beads, the f value was of 0.156 (see section 3.3.3).

B.7. Influence of solids volume fraction threshold

In this work, clusters have been identified as those interrogation areas that are
larger than one order of magnitude above the mean particle diameter, denser than
ϕs > 0.2, and have a dense region with ϕs > 0.4. The reported DIA technique
enables accurate measurement of solids volume fraction data. However, there exists
some uncertainty between solids holdup values ranging between 0.3 and 0.6. This
is caused by the asymptotic behavior at high values of the 2D normalized intensity.
The thresholds employed in this work were admitted to be somehow arbitrary. Thus,
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the objective of this section is to perform a sensitivity analysis in experiments and
simulations to see how sensitive the results are to the definition of a cluster.

Figure B.7: Cluster distribution over riser width. Glass beads of 0.85 ± 0.15 mm at
U = 5.55 m/s and 32 kg/(m2s).

In chapter 3, the selection for the wake threshold to 0.2 was used to minimize the
detection and characterization of overlapping clusters. Thus, this sensitivity analysis
is focused on the cluster core threshold, which can range between 0.3 and the max-
imum solids volume fraction (≈0.6). To perform this analysis, we have selected a
rather dense experiment and simulation, where cluster formation is more frequent.

Figure B.8: Cluster size distribution.

Before discussing the results, it should be noted that the solids volume fraction
distribution in experiments and simulations are different. From Figure B.8, the resem-
blance between experiments and simulations is clear, independently of the employed
threshold, but it is worth to perform a more rigorous analysis to know the results
sensitivity to the threshold selection. In experiments, the DIA correlation has a high
accuracy under dilute fluidization conditions. However, dense areas (ϕs = 0.3-0.6)
are difficult to determine experimentally and values equal to the maximum packing
fraction can be systematically registered (see Figure 2.9). Thus, a change in the clus-
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ter core threshold is expected to not affect the registered number of clusters during
an experiment. This is illustrated in Figure B.7, where the number of cluster remains
constant at changing threshold. Particle clusters have a dynamic porosity, they form,

Figure B.9: Cluster size distribution.

grow and break. In CFD-DEM simulations, the exact solids volume fraction is known
at the computational cell level. So, in this case, the cluster core threshold can ac-
tually affect the number of detected clusters. In Figure B.7, it can be seen that the
number of clusters slightly changes along the width of the riser, while there are only
significant differences very close to the walls. Concerning the number of clusters per
frame this would drop from approximately 10.06 to 6.69.

In Figure B.8, the cluster size (equivalent diameter) distribution at different core
cluster threshold values is shown. It can be seen that the number of events gradually
decreases with the cluster size.

With respect to the influence of the cluster core threshold, only significant dif-
ferences are found in the number of smaller clusters in CFD-DEM simulations. The
number of clusters, which size is above 0.025 m remains constant at changing cluster
core threshold. This means that smallest clusters are also less dense. This feature
can be easily interpreted as clusters being in their initial stage of formation.

In Figure B.9., we see significant differences between the cluster internal solids
volume fraction distribution between experiments and simulations. Regarding the
influence of the core threshold, it is seen that, in simulations, the number of most
dilute clusters decreases at increasing threshold.



Appendix C: Model Verification

C.1. Transient diffusion case

In this test case, the implementation of mass diffusion in the CFD-DEM code is
verified. Single phase simulations have been performed in a rectangular duct of 0.2 ×
0.02 × 0.02 meters, where the grid length in all dimensions are h = 0.005 m. At the
bottom X-Y plane, the gas mass fraction of A is equal to 1, while ’zero flux boundary
conditions’ are applied at the side walls whereas the gas mass fraction of A in the
remaining part of the simulation domain is zero. The inflow velocity is zero, so there
is a diffusive flux of A throughout the simulation domain. The analytical solution of
the axial gas mass fraction profile is determined by the error function (derived from
2nd Fick’s law):

Figure C.1: 1D profile of instantaneous gas mass fraction of A. h = 0.005 meters.

wz − w0

ws − w0
= 1− erf

(
z

2
√
DABt

)
(C.1)

It can observed that the numerical solution is agreeing very well with the analytical
results (see Figure C.1).

C.2. Graetz-Nusselt test case

The Graetz-Nusselt case is performed in order to verify the correct implementation
of mass convective terms of the convection-diffusion equation. In this case, there is an
inflow velocity at the bottom plane of the domain and free-slip boundary conditions
are applied for the gas phase at the side walls. Concerning the species field, the mass
fraction at the bottom plane is equal to 1 and at the side walls equal to zero. So
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Table C.1: Simulation data.

Simulation Data

DAB 2.0·10−5 (m/s2) ρg 1 (kg/m3)

µ 2.0·10−5 (kg/m·s) P 101325 Pa

H × W × D 0.2 × 0.02 × 0.02 U 0.03 m/s

Table C.2: Boundary conditions.

Bottom plane wA,w=0.0

Side walls wA,c=1.0

Top wall dwA

dz =0.0

the side walls behave, in this case, as reactive surfaces where component A reacts at
infinitely high rate (mass diffusion controls). The verification consists of the compari-
son of cross-sectional profiles of the gas mass fraction of A under fully developed flow
conditions. To attain fully developed concentration profiles, the inverse of the Graetz
number should higher than 0.1:

Gz−1 =
DAB · z
U ·D2

≥ 0.1 (C.2)

where U is the gas velocity and D is the distance between the side walls. According
to this criterion, fully developed flow is found at an axial distance z = 0.015 m. The
analytical solution of the mass fraction profile in a squared duct under fully developed
conditions is:

wwall − w(y, z)

wwall − wcenter
=

(
1− 6

5

( y
Y

)2

+
1

5

( y
Y

)4
)

(C.3)

where Y is half distance between the side walls, y is the distance to Y .
Under these conditions the analytical solution for the Sherwood number is 2.977.

This value was compared to Sh number computed from simulation data:

Shw =
MAD

wA,w − wA,m
(C.4)

where MA is the mass flux towards the side walls, wA,w the mass fraction of A at the
wall, wA,m the cup-averaged mass fraction of A, and D the distance between the side
walls. From Table C.3, it can be seen that the error between the simulation result and
the analytical solution is very small. Actually this can be significantly reduced when
h = 0.0012 m. In Figure C.2, the mass fraction profile of component A is plotted
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Table C.3: Sherwood number of test case.

NX × NY × NZ MA (kg/m2s) wm Sh Sh(an) Error %

9 × 9 × 20 1.89 · 10−4 0.052 3.038 2.977 2.023

17 × 17 × 20 1.97 · 10−4 0.066 2.997 2.977 0.671

and compared to the analytical solution at an axial coordinate where the flow is fully
developed. This test case demonstrates that the implementation of the convective
mass transfer terms is correct.

Figure C.2: Cross-sectional profile mass fraction of A.

C.3. Chemical reaction in packed bed system

A packed bed reactor is simulated in order to validate the implementation of
the chemical conversion due to a catalytic reaction. A mass transfer limited case is
simulated, where the particles act as sink points with a mass fraction of component
A equal to zero. Free-slip boundary conditions at the side walls are applied. The
dimensions of the packed bed system are 0.2 × 0.02 × 0.02 meter. The cell numbers
are 50 × 5 × 5. The gas density and viscosity are 1.2 kg/m3 and 2.0·10−5 kg/(m·s)
respectively. The bed height is equal to 0.1 meter, and the bed porosity is equal to
0.9345. In this simulation pure A gas is injected through the bottom plane of the
simulation domain at a gas superficial velocity of 4 m/s. Component A converts due
to a fast reaction at the particle surface. Thus, the behavior of this system can be
described by a 1D plug flow model where the reaction rate is dictated by the mass
transfer coefficient (Gunn correlation) which is approximately 0.238 m/s.
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In this case, the analytical solution is :

wA
wA,0

= exp

(
− (1− ε)avkmtz

U

)
(C.5)

The 1D profile of the gas mass fraction of component A at steady state is compared
to the analytical solution in Figure C.3 We can see that results almost overlap and
the difference is negligible.

Figure C.3: Validation of source term implementation.



Appendix D: Mass transfer contributions under riser flow con-
ditions

In this table, an overview of relevant research related to mass transfer on riser
flows is presented. In the remarks column, a comment has been added to categorize
each one of these contributions by the main topic related to mass transfer that is
covered in these works or specifying a different fluidization regime than riser flow.

Table D.1: Mass transfer contributions under riser flow conditions.

Authors Modelling/Experimental Physical/chemical system Remarks

Resnick and White, 1949 [176] Experimental Naphthalene Sublimation Bubbling
Fryer and Potter, 1976 [177] Experimental Ozone Decomposition Bubbling

Dry et al., 1987 [160] Experimental Heat pulse tracer G-S
Watanabe et al., 1991 [178] Experimental Heat transfer G-S
Kagawa et al., 1991 [179] Experimental Ozone Decomposition G-S

Jiang et al., 1991 [27] Experimental Ozone Decomposition G-S
Pagliolico et al.,1992 [34] C/A Exp. Ozone Decomposition Validation

Sun and Grace, 1992 [180] Experimental Ozone Decomposition Effect of PSD
Kumar et al., 1992 [181] Experimental Naphthalene Sublimation Mass transfer
Ouyang et al., 1993 [30] Experimental Ozone Decomposition G-S

Vollert and Werther, 1994 [33] C/A - Exp. NO Oxidation Validation
Fligner, 1994 [182] C/A Hydrodynamics Validation

Van der Ham et al. 1994 [153] Experimental Naphthalene Adsorption Mass transfer
Li and Kwauk, 1994[41] EMMS Hydrodynamics Clusters

Koenigsdorff and Werther, 1995 [183] C/A Hydrodynamics Validation
Ouyang et al., 1995 [28] Experimental Ozone Decomposition G-S

Pugsley,1996 [31] C/A Hydrodynamics Validation
Schöenfelder, 1996 [155] C/A - Exp. Ozone Decomposition Validation

Zethraeus, 1996 [32] C/A Hydrodynamics Validation
Kunii and Levenspiel, 1997 [12] C/A Hydrodynamics G-S

Venderbosch,1999 [142] Experimental CO Oxidation Sh overall
Zhu et al., 1999 [184] Experimental Heat transfer G-S-downer

Contractor et al., 2000 [185] Experimental Argon gas tracer G-S
Bolland et al., 2001 [164] Experimental Ozone Decomposition Sh overall
Wang and Li, 2002 [151] TFM/EMMS- Exp. Naphthalene Sublimation Validation

Subbarao and Gambhir, 2002 [150] Experimental Naphthalene Adsorption Sh overall
Scala,2007 [26] Experimental CO Oxidation Bubbling

Subbarao, 2008 [147] Cluster model Mass Transfer Cluster model
Dong et al., 2008a [145] TFM/EMMS Naphthalene Sublimation Validation
Dong et al., 2008b [158] TFM/EMMS Ozone Decomposition Validation

Chalermsinsuwan et al., 2009 [148] TFM/EMMS Ozone Decomposition Sh overall
Prajongkan et al.,2009 [186] TFM/EMMS Ozone Decomposition Sh overall

Breault et al., 2009 [187] Experimental Naphthalene Sublimation Sh cluster-bulk
Shuyan et al., 2009 [111] CFD-DEM Naphthalene Sublimation Particle-Sh

Hou et al., 2010 [157] TFM/EMMS Ozone Decomposition Validation
Wang et al., 2010 [144] TFM/EMMS Hydrodynamics-Mass Transfer Review

Ge et al., 2011 [156] TFM/EMMS Hydrodynamics-Mass Transfer Review
Kashyap et al., 2012 [149] TFM/EMMS-Exp. Ozone Decomposition Sh overall

Chen et al.,2012 [96] TFM/EMMS Gas desulfurization Validation
Hou et al.,2013 [188] TFM/EMMS- Exp. CO oxidation Validation
Li et al., 2013 [29] Experimental Ozone Decomposition G-S

Wang et al., 2015 [159] Experimental Ozone Decomposition G-S

* G-S: Gas-solid contact efficiency. PSD: Particle size distribution.
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Appendix E: Experiments with alumina particles

In this appendix, we report the experimental results performed with (inert) alu-
mina particles in order to check whether the sampling ports actually show an ozone
mass fraction equal to the ozone inlet gas mass fraction (z = 0.04 m). In Figure E.1,
it can observed that at x = 0.035 and 0.065 m the measurements are not affected by
the gas flow rate coming from the downcomer. However, at x = 0.005 m, the ozone
mass fraction measurements give lower values than at the inlet. Thus, it also seems
a (low) gas flow is fed with the particles at the lateral solids inlet.

Figure E.1: Ozone concentration measurements at U = 5.55 m/s and Gs = 33
kg/(m2s). Left: Inert alumina particles Middle: Original measurements with Cat-
alyst I. Right: Corrected measurements.

A mass balance has been evaluated to quantify the gas flow rate that was entering
into the bottom section of the riser. In these experiments the inlet and outlet gas flow
rates and ozone concentrations were known. In the downcomer, the particles were
smoothly fluidized to enhance the solids feeding with 50 liter/min (U ≈ 0.66 m/s),
while the flow rate on the riser was of 140 liter/min with a concentration of 123 ±
1 ppm, while the concentration at the exhaust (where gas from the downcomer and
riser have been already mixed, 140 + 50 liter/min) it was of 94 ±1 ppm. The total
gas flow rate, at the aforementioned operating conditions in this paper, coming to
the riser from the particle inlet amounted up to 5.2 liter/min, so around 0.21 m/s.
The entrance of air by the feeding of particles is unavoidable, and this does not seem
to significantly alter the ozone mass fraction measurements at x = 0.035 and 0.065
m. If these measurements at x = 0.0035 m of Figure 6.12 were corrected by the
measurements with inert alumina particles we would attain the profiles shown on the
right-hand side of Figure E.1. We can observe that lower conversion rates than at x =
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0.065 m would be obtained, meaning that there would be an asymmetry in the solids
distribution. Visualization of the gas motion can be quite elucidating to actually
measure the amount of gas that is entering to the riser from the downcomer and see
how it mixes with the incoming gas flow from the gas distributor, e.g. PIV experiments
with microparticles or CO2 concentration IR measurements in a chemically inert
system with alumina particles.
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List of Symbols

Roman symbols

A,B fitting parameters (-)
Acluster cluster area, m2

acl cluster surface area, 1/m
av particle surface area, 1/m
Ap projected area of a particle, m2

C number of pixel columns in the synthetic image, (-)
D depth of pseudo 2D domain, m
Da Damköhler number, -
Dax axial dispersion coefficient, m2/s
DAB ozone molecular diffusivity in air medium, m2/s

Deff
AB effective molecular diffusivity, m2/s

dp particle diameter, m
dcl cluster diameter, m
ep-p particle-particle normal restitution coefficient, -
et particle tangential restitution coefficient, -
ep-w particle-wall normal restitution coefficient, -
Fc particle collision force, N
〈Gs〉 time-averaged solids mass flux vector, kg/(m2·s)
h characteristic length of computational cell size, m
H height of pseudo 2D riser, m
hp equivalent distance of a pixel, m
I image intensity, counts
I0(i, j) intensity of the darkest particle in the system, counts
Imax maximum pixel intensity over time, counts
Imin minimum pixel intensity over time, counts
Imax,k maximum pixel intensity of a kernel, counts
Imin,k minimum pixel intensity of a kernel, counts
Ip moment of inertia, N·m
kmt particle-based mass transfer coefficient (m/s)
kr kinetic constant, s−1

m mass, kg
M magnification factor, pixel/m
P pressure, Pa
r position vector, m
Shp particle Sherwood number
sp solids displacement vector (PIV), m
Sp momentum source term, N/m3

Tp torque, N·m
u gas velocity vector, m/s
U gas superficial velocity, m/s
Vp particle volume, m3

vp particle velocity vector, m/s
vp cell-averaged particle velocity, m/s
wA,g ozone gas mass fraction at bulk gas phase, kg ozone/kg gas
wA,cl ozone mass fraction inside cluster, kg ozone/kg gas
W width of pseudo 2D domain, m
x position vector (PIV), pixel
x/W dimensionless riser width (-)
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Greek symbols

γpf Gas-solid contact efficiency in a 1D plug flow model, -
γcl Instantaneous gas-solid contact efficiency, -
β interphase momentum transfer coefficient, kg/(m3·s)
∆t time frame between two consecutive images, seconds
∆tGas gas phase time step, s
∆tDEM particle phase time step, s
ε porosity m3 voidage/m3 reactor
ρg gas density, kg/m3

ρs solids density, kg/m3

µ dynamic viscosity, kg/(m·s)
µfr particle friction coefficient, -
ϕ2D normalized 2D intensity, dimensionless
ϕ3D solids volume fraction, m3solid/m3 reactor
ϕcl cluster phase holdup, m3cluster/m3 reactor
ϕs solids volume fraction, m3solid/m3 reactor
τ gas residence time, seconds
τ stress tensor, Pa
ωp particle rotational velocity, 1/s
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pequeña familia aqúı en Holanda.
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