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h i g h l i g h t s

� Non-intrusive IR technique used to
investigate mass transfer in fluidized
beds.

� Whole-field bubble reconstruction to
visualize gas tracer concentration
profiles.

� Mass transfer in isolated bubbles in
good agreement with theoretical
descriptions.

� Mass transfer is clearly enhanced in
bubbling beds.
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The theoretical approach for the bubble-to-emulsion phase mass exchange in bubbling gas-solid fluidized
beds developed by Davidson and Harrison in the early 60’s is still widely applied in phenomenological
models, mainly because of lack of more detailed experimental data to improve the description. In this
study a novel infrared transmission technique that allows the direct and non-invasive measurement of
gas concentration profiles inside bubbles with a high temporal resolution has been used for the validation
of the theoretical description for the gas exchange. At first, the experimental technique has been further
improved concerning the selective removal of particles raining through the bubbles, as well as the recon-
struction of tracer gas concentration profiles throughout the gas bubble. The bubble-to-emulsion phase
mass transfer coefficients have been measured by injecting tracer gas bubbles into incipiently fluidized
beds and beds at freely-bubbling conditions, for beds consisting of glass beads of different particle size
and with different injected bubble diameters. The results show that the Davidson and Harrison approach
can reasonably well describe the mass exchange for isolated bubbles injected into a bed at minimum flu-
idization conditions. However, experiments carried out in a freely bubbling bed have shown that the
mass exchange rate is considerably enhanced due to the increased gas through-flow through the bubbles.
An empirical correlation (with deviations within only 20%) for the volumetric bubble-to-emulsion phase
mass transfer coefficient has been developed based on the bubble size and superficial gas velocity, where
it is noted that in this work the convective contribution in the mass exchange is dominant.

� 2017 The Author(s). Published by Elsevier B.V. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
1. Introduction

For many different applications gas-solid fluidized beds are pre-
ferred over other contactors because of their excellent heat and
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Nomenclature

A absorbance, –
C gas concentration, mol/L
Ct,b, Ct,e tracer gas concentration as function of time in the bub-

ble and emulsion phases respectively, mol/L
db bubble diameter, m
DG gas diffusion coefficient, m2/s
e molar absorbance, mol�1 cm�2

emf bed voidage at incipient fluidization conditions, –
fw fraction of the wake phase in a fluidized bed, –
g gravitational constant, m/s2

I IR intensity, –
kbc gas exchange coefficient between the bubble and cloud

phases, s�1

kbe gas exchange coefficient between the bubble and emul-
sion phases, s�1

kce gas exchange coefficient between the cloud and emul-
sion phases, s�1

‘ target length, cm
T transmittance, –
t time, s
u0 superficial gas velocity, m/s
ub bubble velocity, m/s
umf superficial gas velocity at minimum fluidization condi-

tions, m/s
Vb bubble volume, m3
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mass transfer characteristics, and efficient particle and thermal
mixing inside the reactor [1,2]. Fluidization can be defined as the
operation where solid particles are suspended in a fluid rendering
the solids phase a fluid-like behavior. When the flow rate of gas fed
into the system is just sufficient to suspend the particulate phase
(i.e. when the drag force equals the effective gravitational force),
the system is at its minimum fluidization conditions, and excess
of gas induces the formation of gas voids that rise and coalesce
along the bed height. These gas bubbles are responsible of the
excellent contacting and mixing of the gas and particles, as they
cause macroscale solids circulation inside the reactor. The bubble
properties and the movement of the solids are related to the hydro-
dynamics, while the contact between the gas and solid phases and,
in particular, the exchange between the gas inside the bubbles and
the gas in the emulsion phase is dictated by mass transfer.

The hydrodynamics in fluidized beds have been extensively
studied in the literature using many different experimental tech-
niques in 2D (i.e. with small column depth) and 3D reactors [3–
13], using intrusive and non-invasive techniques. Among these
techniques, the use of optical non-invasive techniques like Particle
Image Velocimetry combined with Digital Image Analysis (PIV/
DIA) has been widely applied for the development, validation
and verification of important correlations and their underlying
assumptions reported in the literature, especially because of the
relatively inexpensive experimental equipment required for the
analysis [14] and the important possibility to obtain combined
whole-field instantaneous information on the gas and solids
phases simultaneously. On the other hand, mass transfer measure-
ments have also been carried out using different experimental
techniques, such as the use of colored gases like N2O [15], ozone
concentration measurements in a pseudo-2D bed [16,17], zirconia
oxygen sensors to study nitrogen mixing in bubbles injected into
incipiently fluidized beds [18] and gas exchange in 3D fluidized
beds using nuclear magnetic resonance [19]. The effect of temper-
ature on the gas exchange has also been measured experimentally
by tracer gas measurements using a suction probe connected to a
mass spectrometer [20]. Due to the intricate interactions between
the hydrodynamics and mass exchange, it is important to obtain
detailed information with high temporal and spatial resolution
on the hydrodynamics and mass transfer simultaneously to under-
stand how they affect the final performance of a fluidized bed. This
is especially important for applications like drying or coating and
applications with catalytic and gas-solid reactions, where the effi-
ciency of the gas-solid contact determines the bed performance.

In general, the hydrodynamics of gas-solid fluidized beds have
been studied experimentally in great detail, but an accurate
numerical description of larger scale fluidized beds is still not
straightforward and many underlying and simplifying assumptions
(often extrapolated far from the conditions where they were vali-
dated) are still required in phenomenological models to describe
the bed hydrodynamics [21–24]. Even more difficult is to accu-
rately describe the mass exchange between the bubble and emul-
sion phase, which is mainly related to limitations in the techniques
used until now to measure the mass exchange rates. Often the
mass exchange has been measured for injected bubbles into incip-
iently fluidized beds using gas sampling from inside the bubbles.
However, with this technique it is difficult, if not impossible, to
measure gas concentration profiles inside the bubbles with high
spatial resolution. Therefore, the common assumption for the
numerical description of the mass transfer rate is that the gas con-
centration inside the bubbles is homogeneous.

For the mass transfer in gas-solid fluidized beds, the description
given by Davidson and Harrison in 1963 [2] and later corrected by
Rowe [15] is still accepted for single injected bubbles. Later, Sit and
Grace proposed another similar description of the mass transfer
phenomena for non-interacting three dimensional bubbles [16].
These correlations have been summarized in Table 1 and show that
the mass exchange occurs as consequence of two different contri-
butions, viz. gas convection through the bubble and gas diffusion
from the bubble to the emulsion phase.

In addition, mass transfer in freely bubbling beds has been stud-
ied, where in general an increase in the interphase transfer as con-
sequence of the presence of multiple bubbles is observed.
Furthermore, it has also been evidenced that higher gas through-
flows are expected as compared to isolated bubbles according to
the observed flow distribution between the phases [28,29]. To
account for this in a heuristic manner, Sit and Grace [16] used
the same approach as for isolated bubbles and increased the con-
stant in the convective term. More recently, using detailed two-
fluid model simulations it has been confirmed that the gas
exchange in freely bubbling beds is greatly enhanced [27].

In the last years, a novel technique based on infrared transmis-
sion has been developed and successfully applied for mass transfer
measurements in fluidized bed systems [30,31], both for injected
bubbles and in the freely bubbling regime. In this technique, an
infrared camera is used as detector for the IR absorption by a tracer
gas in pseudo 2D beds. The technique allows a much higher spatial
resolution as sampling occurs in a projected area of the bed. Fur-
thermore, it also allows a very high temporal resolution as the
high-speed IR-camera is able to record images at frame rates up
to 100 Hz. This technique can measure the projected instantaneous
whole-field concentrations of a tracer gas inside gas voids only.



Table 1
Different correlations proposed in the literature for the mass exchange in fluidized beds.

Correlation Conditions References

Single bubble

Kbe ¼ 4:5umf

db
þ 5:85D0:5

G g0:25

d1:25b

For
3D

Theoretical approach obtained using the Higbie penetration theory describing the spherical cap bubble with a
100-degree angle. The bubble has a constant size and the gas is assumed perfectly mixed

Davidson and
Harrison, 1963
[2]Kbe ¼ 4

db

2umf

p þ 0:6D0:5
G ð gdbÞ

1=4
� �

For
2D

Kbe ¼ 6:78
1�f w

Die2mf
ub

d3b

� �1=2 For
3D

Theoretical expression with uniform gas composition in the bubble and cloud using the spherical cap bubble
(constant size), using the analysis from Murray to describe the flow around the bubble

Chiba and
Kobayashi,
1970 [25]

Kbe ¼ 4:52
1�f w

Die2mf ub

d3b

� �1=2 For
2D

Kbe ¼ 1:5umf

db
þ 12 DGemf ub

pd3b

� �0:5 Expression for non-interacting three dimensional bubbles using the through flow expression from Murray
(1965) and the theoretical description by Davidson and Harrison, 1963

Sit and Grace,
1981 [16]

Kbc ¼ 4:5umf

db
þ 5:85D0:5

G g0:25

d1:25b

Use of the theoretical description by Davidson and Harrison to determine the gas exchange between the
bubble phase (assumed perfectly mixed) and the cloud phase. This is a system solved in two consecutive
steps: first the mass exchange between the bubble and the cloud phase and subsequently from the cloud to
the emulsion phase using the Higbie penetration model

Kunii and
Levenspiel,
1991 [1]Kce ¼ 6:77 Diemf ub

d3b

� �1=2

1
Kbe

¼ 1
Kbc

þ 1
Kce

Kbe ¼ 0:492emf

ffiffiffiffiffiffiffiffiffiffiffiffiffi
ubd

1:7
b

q
For
3D

Empirical correlations from injected bubbles into a bed at incipient conditions of group A and B particles Sie and Sun,
2014 [26]

Kbe ¼ 0:576emf

ffiffiffiffiffiffiffiffiffiffiffiffiffi
ubd

1:7
b

q
For
2D

Freely bubbling beds

Kbe ¼ 2umf

db
þ 12 DGemf ubr

pd3b

� �0:5 For
3D

Expression for interacting 3D bubbles using the through-flow expression from Murray (1965) and the
theoretical description by Davidson and Harrison, 1963, and corrected by the increase in the through-flow
gas

Sit and Grace,
1981 [16]

Kbe ¼ 9u0
4db

For
2D

For Geldart B particles using potential flow theory for gas through-flow, ranging up to u/umf of 3. Note that
superficial gas velocity (u0) is used in the correlation instead of umf

Hernandez
et al, 2013 [27]
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The present work aims at extending the application of the tech-
nique for mass transfer measurements for first injected bubbles
into an incipient fluidized bed, which is subsequently extended
to freely bubbling beds. The measurements have been carried out
under different experimental conditions to better understand the
mass transfer phenomena, in particular different particle sizes,
particle densities and bubble injection velocities. First, the experi-
mental setup and the fundamentals of the applied IR-technique are
described. Then, a new method to accurately determine the
amount of particles inside the bubbles and subsequent bubble
reconstruction is proposed. After the description of the main
improvements to the analysis of the IR images, the results of the
mass transfer measurements are presented and discussed, and
the experimental findings are compared in detail with available
correlations from the literature. Finally, a general summary with
the main conclusions obtained in this work is presented.

2. Experimental

2.1. Description of the technique and the experimental setup

Any material with a temperature above 0 K emits infrared radi-
ation and this can be measured with an IR-camera equipped with
specific detectors. The vibrational frequencies of many molecular
bonds like C@O or CAH lay in the IR wavelengths. When a gas with
these bonds is exposed to IR radiation, the molecules absorb part of
the IR implying a transition of the molecular vibration to an excited
vibrational state with a corresponding change in the dipole
moment. An IR camera is able to measure the decrease in the IR
radiant flux associated with the absorption by the gas molecules
and this property is used in this study for the measurement of mass
transfer in fluidized beds.

The IR absorption at low concentrations can be described by
Lambert Beer’s law (Eq. (1)), where the absorbance (A) is propor-
tional to the gas concentration (C), the target length ð‘Þ and the
molecular absorbance (e). The absorbance can be also determined
through the decrease in intensity caused by the exposure of a gas
to IR radiation. The absorbance (as defined by Eq. (2)) and trans-
mittance (defined in Eq. (3)) are used for the measurement of gas
concentrations.

A ¼ �e‘C ¼ aC ð1Þ

A ¼ �ln
I
I0

ð2Þ

T ¼ I
I0

ð3Þ

In these equations I0 refers to the IR intensity measured by the
detector in absence of any gas absorbing IR radiation (it is here
referred to as the background image), while I is the intensity mea-
sured by the detector when an absorbing gas is exposed to the IR
source. At higher concentrations, deviations from Lambert Beer’s
law can be expected, but the decrease in intensity can be calibrated
to the gas concentration and subsequently used for the study of
mass transfer rates in fluidized beds.

The experimental setup used in this study (depicted in Fig. 1)
consists of three elements perpendicularly positioned to enhance
the resolution of the technique. These elements refer to the IR
source, the detector (IR camera), and the fluidized bed column. A
detailed discussion on the selected system can be found in a previ-
ous work [31]. The IR source is an anodized aluminum plate kept at
430 �C with 300 � 150 � 20 mm in height, width and depth
respectively. The IR camera is aligned perpendicularly to the IR
source. The camera (SC7650 FLIR Systems) has an Indium Anti-
monide (InSb) detector for IR emission and is able to measure in
a spectral range from 1.5 to 5.1 lm wavelengths with a maximum
resolution of 640 � 512 pixels and 100 Hz frame rate. The window
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size of the IR images presented in this paper is always between
8 � 12 and 12 � 18 cm2 (width � height). An IR filter made of sap-
phire (supplied by Edmund Optics) has been mounted inside the IR
camera in order to cut off and restrict the target wavelength. This
filter has a central wavelength at 3.46 lm and provides 80% trans-
mittance. The main purpose of the filter is to increase the resolu-
tion in the detection of the tracer gas used in this work, propane
(C3H8), which shows a strong absorption peak at this wavelength
associated to the CAH bonds.

The column is made of quartz, which has a high transmittance
(>80%) at the targeted wavelengths, and has a total height of
500 mm, 200 mm in width and 4 mm in depth. The quartz column
is coupled to a stainless steel chamber, where the porous plate dis-
tributor (40 lm pore size) and the points for bubble injection are
located.

Tracer gas bubbles are injected into the column through a sole-
noid valve (ASCO 262) connected to a control system for the open-
ing time and frequency of injection. The solenoid valve is
connected in turn to a pressurized vessel to assure a constant injec-
tion pressure. Gas coming from the solenoid valve is injected into
the reactor through a close-end tube with an orifice pointing
upwards. Injectors with orifices of 1 and 2 mm have been built to
modify the velocity of the injected gas. N2 is used as background
gas and is fed via the porous plate distributor to keep the bed at
incipient (or freely bubbling) conditions.

The procedure for the measurements has been summarized and
optimized in a previous work [31], where the reproducibility and
reliability of the measurements were assessed in detail. First, the
absorbance is calibrated for different gas compositions in single
gas phase (no particles). Subsequently, the two phase (fluidized
bed) calibration procedure method is used, where a background
image (I0) is obtained by composing an image from the bubbles
in a fluidized bed fed with pure N2. Finally bubbles are injected into
the bed and the absorbance (thus concentration) is determined
through the intensities (I) measured inside the bubbles and the for-
mer calibration. However, when a known concentration is fed to
the two-phase reactor, a small discrepancy in the measured con-
centration is still observed, which can be attributed to two differ-
ent effects. The first cause is related to the method used to
detect particles inside the bubbles and how these particles were
removed from the analysis. In the work by Dang et al. [30] the par-
Experimental setup

IR camera

Solenoid valve

Quartz column

IR source

Fig. 1. Picture of the experimental facility used in this study for the measurement
of mass transfer in fluidized beds through injected bubbles into a bed at incipient
conditions or freely bubbling beds.
ticles inside the bubbles have been removed by determining the
center of the particle and the subsequent removal of pixels in the
neighborhood. The second cause is associated with the bubble
diameter used for the determination of the background image
and the comparison to the diameter of the injected bubble. The
bubble diameter is related to the opening of the bubble and thus
to the intensity measured by the detector, i.e. intensities measured
inside two bubbles with two different diameters are slightly differ-
ent as they behave like a diaphragm of optical cameras. Both
effects have been corrected for and the accuracy of the measure-
ments has been improved in this work. The post processing of
the data is done in Matlab using an in-house code developed for
the measurement of gas concentration profiles from IR images. A
more detailed description on the new methodology developed in
this work is given in the next sections (Sections 2.2 and 2.3).

Mass transfer measurements have been carried out for injected
bubbles into a bed at minimum fluidization conditions and into a
freely bubbling bed and a summary of the main conditions studied
in this work are shown in Table 2. The analysis methods used to
determine the bubble-to-emulsion phase mass transfer coefficient
is described subsequently in Sections 2.4 and 2.5.

2.2. Description of a new method for particle detection inside the
bubbles

Dang et al. [30] developed a method where particles inside bub-
bles are detected and removed based on the much higher IR
absorption of the particles compared to the tracer gas. However,
the edges of the particles produce scattering of the IR emission
with absorbance in the range of the gas phase. Dang et al. [30]
removed the particle scattering by filtering a relatively large area
of 7px by 7px from the center of the particles. With this method
a relatively large part of the concentration measurement in the
gas bubbles is lost due to the high coverage of this filter. On the
other hand, if smaller filtering areas were used, not all the scatter-
ing would have been removed affecting the accuracy of the concen-
tration measurement.

In the new method, also first the center of mass of the particles
is determined (Fig. 2a). At the detected particle centers, the particle
absorbance is artificially increased to a very high value and the gra-
dients between the center of mass and the particle surroundings
are determined (Fig. 2b). The thus determined gradients are much
higher than the gradients associated with the tracer concentration
profiles in the gas phase, so that the isocontours (defined at a rel-
ative intensity of one/two order(s) of magnitude higher than gradi-
ents of tracer gas concentration profiles) correspond to the edges of
the particles including their scattering. With this method the radi-
ation from the particles and the scattering caused by the particles
can be selectively removed from the IR-image, as depicted in
Fig. 2c, while the information on the concentration profiles in the
gas phase is not modified. By combining the information from
the center of the particles and their scattering, it is possible to sub-
tract the particles from the measurements more accurately and
with a much smaller filter than before (Fig. 2d).

2.3. Improvement of the background correction method

The bubble diameter, namely aperture of the bubbles, modifies
the IR intensity measured in the detector as they behave as lenses
for the detector. When a background image is being composed, it
obviously consists of big and small bubbles that give slightly differ-
ent intensities at similar positions in the bed. This effect would
result in a systematic error when measuring the concentration
inside the injected bubble. In order to correct/decrease this error,
a new method is developed that classifies every bubble according
to its diameter in bins and uses a calibration curve for that diame-



Table 2
List of experimental conditions selected in this work for the study of mass transfer rates for injected bubbles into a bed at incipient conditions and into the freely bubbling regime.

Particle type Mean particle diameter (lm) Injection time (ms) Injection pressure (bar) umf experimental (m/s) Superficial gas velocity u0/umf

Glass beads 650 20–45 2–4 0.30 1–2
Glass beads 500 20–35 2–4 0.21 1–2
Glass beads 400 18–32 2–4 0.15 1–2
Glass beads 250 18–30 2–4 0.09 1–2

a) b)

c) d)

Fig. 2. Procedure for accurate particle detection and removal from the IR image; a) original image; b) gradients due to scattering; c) binary image generated based on the
gradients; d) resulting image after particle filtering.

Table 3
Comparison of the accuracy when using the previous background correction method
and the new method using three background images related to different bubble
diameters.

Propane concentration fed in the column (mol/
L)

Relative deviation (%)

Old
method

New
method

0.0025 64.0 27.3
0.0045 38.3 8.99
0.0065 9.59 5.58
0.0085 5.02 4.98
0.0115 9.78 2.47
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ter bin. By composing a background image using bubbles with sim-
ilar sizes, a more homogeneous distribution of intensities is
obtained. In total three different background images are acquired,
namely small bubbles (1–3 cm), intermediate bubbles (3–5 cm)
and big bubbles (>5 cm). When a bubble is injected into the incip-
iently fluidized bed, first its diameter is determined and the absor-
bance is calculated by subtracting its corresponding background
image. The validation of the method has been carried out by feed-
ing known concentrations of the tracer gas C3H8 and subsequent
comparison of the concentration measured according to the new
and old method (that used only a single background image).
Results of this validation are given in Table 3, clearly showing that
the results are much improved when using three background
images.

2.4. Reconstruction of the whole field concentration profiles in bubbles

When giving a closer look at the IR images, it is observed that
bubbles are much bigger than the visible projected area covered
by the gas phase inside the bubbles. This is a consequence of (some
time severe) particle raining inside the bubble and, especially
important, at the edges of the bubbles, and in particular at the roof
of the bubbles. Mass exchange measurements trace the volume-
averaged tracer gas concentration inside a bubble as a function
of time. However, since an important part of the bubble is blocked
from sight by the raining particles, the measured averaged tracer
gas concentration would deviated from the actual averaged con-
centration. Therefore, in this work a concentration profile recon-
struction algorithm has been developed in order to interpolate
the gas phase concentrations in the areas covered by the particles
inside the bubbles.

At first, the algorithm determines the center of mass of the bub-
ble (Fig. 3a). Bubbles are distinguished from the emulsion phase by
normalizing the image based on the IR emission intensity detected
by the IR camera and converting it into a binary image using a
threshold value to distinguish the emulsion and bubble phases
(relative gradient pixel intensity above 0.2 is defined as bubble
phase), similar as used in other image-based techniques like digital
image analysis (DIA). The resulting image after particle removal is
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then overlapped with the detected bubble (Fig. 3b), thus defining
the area missing for the whole-field bubble concentration recon-
struction. The algorithm to reconstruct the gas concentration pro-
files inside the bubbles starts at the determined center of mass of
the bubble. The algorithm carries out a pixel-per-pixel screening
inside the bubble following a trajectory from the center of the bub-
ble towards the bubble edges. If during the screening a pixel
defined as bubble phase with certain concentration is encountered,
the algorithm jumps to the next pixel until it finds a pixel not
defined as bubble phase. This pixels is surrounded by eight adja-
cent pixels, and it takes the average value of all these adjacent pix-
els excluding the adjacent pixels that are not defined as bubble
phase, if any, that will subsequently be interpolated during the
screening process (and eventually using the previously interpo-
lated pixel position). If the center of mass corresponds to a position
detected as particle and is surrounded by pixels defined as parti-
cles, the method is repeated as many times as needed in order to
substitute all not bubble phase pixels inside the bubble. When this
reconstruction algorithm is applied to the image, the resulting
image (shown in Fig. 3c) can describe the concentration profiles
inside the bubbles fairly accurately. This reconstruction results in
a more accurate average tracer gas concentration inside the bub-
bles and reduces the deviation in the measurements since particles
inside the bubbles caused by particle raining are located at some-
what arbitrary places, which for non-reconstructed images leads to
noisier average tracer gas concentrations in time. Only for those
cases where the particle raining is too excessive the method cannot
reconstruct the gas concentration profiles inside bubbles accu-
rately and these cases were not considered for further data
analysis.
2.5. Analysis method for mass exchange coefficient determination in
fluidized beds

The bubble-to-emulsion phase mass transfer rates include con-
tributions from two terms, namely gas convection and gas diffu-
sion. The convective term refers to the gas that enters the
bubbles from the bottom and leaves at the top of the bubble and
is more important for larger particles. The diffusive term is domi-
nated by molecular diffusion of the gas from the bubbles to the
emulsion phase and is more dominant for smaller particles. Mass
transfer rates have been measured in the literature by solving
the mass balance of the tracer gas inside the bubbles. In general,
three main approaches have been used when determining mass
transfer rates for stable bubbles. The first one proposed by several
authors [2,32] neglects the presence of the cloud in the bubbles. In
this case the gas exchange occurs directly between the bubble and
the emulsion phases. The second method assumes that the cloud
a)
Absorbance

b)

0

0.1

0.2

0.3

0.4

0.5

0.6

Fig. 3. Bubble reconstruction by substitution of the particle phase inside the bubbles
concentration profiles inside the bubble; c) reconstructed concentration profile inside th
and the bubble phases behave like a single well mixed phase and
gas exchange occurs between this phase and the emulsion phase,
mainly through molecular diffusion [33,34]. The third method,
and most used in the literature, is the approach suggested by Kunii
and Levenspiel. This method also includes a resistance to mass
transfer from the bubble to the cloud phase [1].

For the different approaches, the data generated from the mea-
surements is used similarly to solve general mass balances for the
different included phases. Following the first approach, the integral
unsteady mass balance for the tracer gas inside the bubbles is
given in Eq. (4).

dðCt;bVbÞ
dt

¼ �KbeðCt;b � Ct;eÞVb ð4Þ

In order to determine the volumetric bubble-to-emulsion phase
mass transfer coefficient Kbe, the averaged tracer gas concentration
inside the bubbles and the bubble volume is measured as a func-
tion of time. The IR method only allows for the measurement of
the gas concentrations inside the bubbles and cannot determine
the concentrations in the emulsion phase. Therefore, the following
initial conditions and assumptions are used in the analysis of the
experiments in this work:

Ct;b ¼ Ct;0 at t ¼ 0
Vb ¼ Vb;0 at t ¼ 0
Ct;e � 0

For the analysis it is assumed that the tracer gas concentration
in the emulsion phase can be neglected. Since the dense phase
absorbs all the IR radiation emitted by the IR source, it is not pos-
sible to measure gas concentrations in the emulsion phase, and
therefore, we need an assumption for the emulsion phase concen-
tration. The assumption that the emulsion phase concentration is
negligibly small, is supported by the fact that the experiments do
not show any reentrance of tracer gas at the bottom of the bubble
by convection. This would indeed be expected according to poten-
tial flow theory and the limit of penetration for the gas streamlines
in the bubbles as represented in the work of Davidson and Harrison
[2]. In this case the gas leaving the bubble from the top would be
dragged downwards by the particles in the cloud region towards
the wake of the bubble. Afterward, this gas would enter again
inside the bubble by gas convection. Since this behavior is not
observed experimentally, the given assumption can be considered
for the analysis.

Integrating Eq. (4) leads to Eq. (5)

Ct;bðtÞVbðtÞ
Ct;b;0Vb;0

¼ expð�KbetÞ ð5Þ
mol/L
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And since the results are obtained in a pseudo 2D reactor, Eq.
(5) can be written as Eq. (6):

Ct;bðtÞ
Ct;b;0

DbðtÞ
Db;0

� �2

¼ expð�KbetÞ ð6Þ

The overall mass transfer coefficient can be determined by the
negative of the slope when plotting the logarithm of the term on
the left hand side in Eq. (6) as a function of time.
3. Results

3.1. Bubble injection into a bed at minimum fluidization conditions

As an example of typical results obtained with the IR-
transmission technique, Fig. 4 presents the evolution of an injected
bubble with a tracer gas concentration of 0.045 mol/L into a bed
consisting of 400 mm glass beads at incipient conditions at different
moments in time after bubble injection. At first, during the period
of bubble formation, the bubble is full of tracer gas. Once the injec-
tion is finished and the bubble becomes stable in the bed, mass
exchange between the tracer gas in the bubble phase and the N2

flowing through the emulsion phase at minimum fluidization con-
ditions occurs. From the figure a first period of gas exchange corre-
sponding to N2 convection through the middle of the bubble is
observed. Afterwards, diffusion through the perimeter of the bub-
ble to the emulsion phase takes place.

The mass exchange rates can be subsequently calculated from
the unsteady bubble phase mass balance for the injected bubbles.
A common representation of the data analysis in terms of change
in bubble concentration as function of time (Eq. (6)) is presented
in Fig. 5. From this figure, the slope of the linear trend represents
gives the mass exchange coefficient (Kbe). In this work, it was pos-
sible to adjust the size of the injected bubble by tuning the injec-
tion pressure and the opening time of the valve, creating thus a
wide range of operating conditions. For all the experimental condi-
tions several bubbles of the same size (at least eight) were injected
to verify reproducibility of the results, where the measured stan-
dard deviation of the determined Kbe values for each set of exper-
imental conditions was found to be around 10%. The mass transfer
coefficients measured for the different selected experimental con-
ditions listed in Table 2 as a function of the bubble size is given in
Fig. 6. In addition, the mass transfer rates have been compared
with the theoretical correlation given by Davidson and Harrison
and a good agreement is observed in general, with a somewhat lar-
ger difference for the bigger particles. A more detailed explanation
of the occurring phenomena and the observed deviations will be
given in the discussion section.

3.2. Bubble injection into a freely bubbling bed

Mass transfer rates in freely bubbling beds have also been mea-
sured experimentally with the IR technique. In this case, bubbles
are injected into a bed operated above the minimum fluidization
conditions, thus in the presence of other bubbles with which the
injected bubble interacts. For all cases the maximum superficial
gas velocity used corresponds to two times umf to avoid the forma-
tion of very big bubbles approaching the width of the column,
which strongly hampers the interpretation of the results due to
wall effects. The procedure followed to determine the volumetric
mass exchange coefficients is the same as presented and used in
the previous sections.

For the bubbles injected into a freely bubbling bed, it is
observed that tracer gas from the injected bubble rapidly moves
to an adjacent upstream bubble due to the increased through-
flow. This mechanism was expected according to potential flow
theory, but is now actually visualized. Fig. 7 shows the evolution
of the concentration field inside an injected bubble at different
moments in time and shows how the tracer gas enters a second
bubble situated above it. The increase in the gas through-flow
increases the mass exchange rates. Many experiments have been
carried out with different injected bubble volumes and for beds
consisting of particles of different diameter. In many of these
experiments the injected bubble coalesced with another bubble
present in the bed, and these cases were excluded from the analy-
sis, so that only stable bubbles without break-up or coalescence
during the recording time have been considered (see Fig. 7 as an
example). The exchange rates measured experimentally have first
been compared with the theoretical description for isolated bub-
bles since this is still very often used in phenomenological models
of fluidized beds reported in the literature [35–37]. However, as
shown in Fig. 8, a mismatch is observed corresponding to the clear
enhancement of the mass transfer rates in freely bubbling bed con-
ditions (even up to a factor of 2). This is further discussed in the
next section.
4. Discussion

4.1. Mass transfer in a bed at incipient conditions

The volumetric bubble-to-emulsion phase mass exchange coef-
ficients determined from the experiments are in good agreement
with the theoretical predictions by Davidson and Harrison [2] for
2D beds. For the case of 650 lm particles the variation in the
experimentally determined exchange coefficients was relatively
large, which may be attributed to instabilities in the bubble shape
or to the limited number of particles in the depth of the column
(i.e. wall effects). For all other particles the measured mass
exchange coefficients tends to be slightly lower than the theoreti-
cal predictions. Two different causes may be responsible for this
discrepancy: 1) the injected bubbles of propane are heavier than
the N2 in the emulsion phase and are also travelling at velocities
higher than those in the emulsion phase, which could cause an
increased resistance to gas diffusion, and 2) the theoretical values
are computed based on the underlying assumption that the veloc-
ity profiles are the same as those obtained from potential flow the-
ory for an isolated bubble rising through an unconfined emulsion
phase at incipient fluidization conditions. This assumption is
clearly not fully valid for the here considered cases, since the veloc-
ity distribution is somewhat distorted due to the bubble injection
in the bed.

To verify the first hypothesis, experiments have been carried
out using a different background gas. Experiments with 400 lm
glass beads have been repeated using He (with a much lower den-
sity than C3H8) and CO2 (similar density) instead of N2, and also
these results have been compared to the predictions from the the-
oretical correlation (see Fig. 9). The results clearly indicate that the
density difference between the tracer gas and the background flu-
idization gas does not affect the determined mass exchange coeffi-
cients. All the experimentally determined exchange coefficients are
similar and indeed slightly lower than the theoretical values,
which indicates that the observed discrepancies are most likely
related to the assumptions on the velocity distribution around
the bubbles.

The second hypothesis suggests that a different bubble rise
velocity is used in the derivation compared to the bubble rise
velocity in the corresponding experiments. This has been verified
experimentally by analyzing the bubble velocity through the dis-
placement of the center of mass of the injected bubbles and com-
paring the obtained rise velocities with the bubble rise velocity
used in the correlation proposed by Davies and Taylor [38] and
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summarized by Kunii and Levenspiel [1]. The results of this analy-
sis are depicted in Fig. 10.

The results show that for all the particle sizes the measured
bubble rise velocity is always significantly lower than the
computed value from the correlation assumed in the theoretical
derivation of Kbe, and the discrepancy increases in time. This can
be attributed to bubble deformation which was clearly visible in
the experiments (see also Fig. 4). The bubbles become less
spherical/spherical cap and adopt an ellipsoid form, which leads
to shorter displacements of the centers of mass measured at each
moment in time. Giving a closer look at the derivation of the
diffusion term in the correlation by Davidson and Harrison [2],
one can note that the Davies and Taylor [38] expression is used
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for the bubble rise velocity. Since in the work presented in this
study the measured bubble rise velocity is much lower, it implies
that the diffusion contribution is smaller than theoretically pre-
dicted. Therefore, the mass transfer rates observed are always
lower than the theoretical mass transfer rates. However, since
the experiments are carried out at room temperature and the min-
imum fluidization velocity for all the particles is rather high, the
diffusion contribution is much lower in comparison to the convec-
tive contribution. Therefore, the discrepancies observed in Kbe are
rather small for all the particle sizes considered. Furthermore,
the smaller the umf, the smaller the contribution of the convective
term compared to the diffusion term. This is also observed exper-
imentally for the results for the 250 lm particles, where the devi-
ation is somewhat larger than for the other particles since the
diffusion term has more weight in the overall mass exchange rate
compared with the other particles, where the deviation becomes
smaller. Thus, the small deviations can most likely be attributed
to discrepancies in the bubble rise velocity, whereas it can be con-
firmed that the technique gives representative results of the mass
transfer rates in fluidized beds.
0.2

0.3

0.4

0.5

0.6

0.7

0.00 0.01 0.02 0.03 0.04 0.05 0.06 0.07 0.08 0.09

B
ub

bl
e 

ris
e 

ve
lo

ci
ty

 (
m

/s
)

Time (s)

500 µm 400 µm 250 µm

Fig. 10. Comparison of the bubble rise velocity as a function of time measured for
the injected bubbles using the IR-technique (empty markers) with the theoretical
predictions [1] for the experiments with different particle sizes (filled markers).



J.A. Medrano et al. / Chemical Engineering Journal 325 (2017) 404–414 413
4.2. Mass transfer in a bed in the freely-bubbling regime

A remarkable difference between the experimentally measured
mass exchange coefficients with the theoretically predicted mass
exchange coefficients for isolated bubbles has been observed for
the case of injected bubbles into a freely bubbling bed, as reported
in Fig. 8. This confirms experimentally the theoretical approach
described by Sit and Grace [16], who increased the convective con-
tribution to account for the increased through-flow. In this study, it
is now possible to fit the experimental data to a correlation that
can describe the mass transfer rate between the bubble and emul-
sion phase in freely bubbling fluidized beds more accurately. To
this end, the equation proposed by Davidson and Harrison is used
as reference, where the constant terms for the convective and dif-
fusive terms have been adjusted. In this fitting it is observed that
the diffusive part can indeed be neglected and that the gas
exchange has only a convective contribution. This fact has also
been noted by Hernandez et al. [27], who observed from CFD sim-
ulations that the mass exchange in bubbling beds is only related to
gas convection and that it depends on the superficial gas velocity
(instead of the minimum fluidization velocity).

Following the same approach as proposed by Hernandez et al.
[27], the data has been fitted to an equation of the same type.
The resulting equation to describe the bubble-to-emulsion phase
mass transfer rate in bubbling regime is presented in Eq. (7). This
equation minimizes the total error for all the experiments carried
out with different particle sizes, bubble diameters and superficial
gas velocities. A parity plot with the experimental mass exchange
coefficients and the calculated values according to Eq. (7) is
reported in Fig. 11. In this figure it is observed that the maximum
deviation for the measurements is around 20%, whereas for most of
the experimental conditions the error is even within 10%.

Kbe ¼ 4
db

2:6u0

p

� �
Fitted data ð7Þ

It is worth remarking that the fact that the mass transfer rate in
freely bubbling beds is much higher than for isolated bubbles and
that it depends on the superficial gas velocity, has an important
implication for systems with heterogeneously catalyzed reactions
with molar gas expansion, like in fuel reforming reactions. These
systems are often limited by bubble-to-emulsion phase mass
transfer, since the reaction kinetics are relatively fast [39]. In stud-
ies that use the Kunii and Levenspiel correlations based on correla-
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with the IR technique in a freely-bubbling bed and the correlation developed in this
work (Eq. (7)).
tions for single bubbles to describe the bubble-to-emulsion phase
mass transfer rate, the mass exchange is likely to be significantly
underestimated. This clearly indicates the need to further enhance
the phenomenological models with improved correlations with
extended validity ranges, which can now be developed making
use of novel experimental techniques.
5. Conclusions

Gas exchange coefficients have been experimentally
determined using the recently developed IR transmission tech-
nique for single bubbles injected into a bed at incipient and
freely-bubbling fluidization conditions, using propane as tracer
gas and N2 as background fluidization agent. In this work, the gas
concentration profiles inside the bubbles have been reconstructed
from the original images improving the determination of the
volume-averaged bubble concentration and thus also the bubble-
to-emulsion phase mass transfer coefficients. In addition, the tech-
nique allows a visualization of the mass transfer processes, which
helps to analyze and improve the underlying assumptions in the
derivation of mass transfer correlations for phenomenological
models.

The experimental results have shown that the theoretical
description given in the early 60’s by Davidson and Harrison apply
well for mass exchange from isolated bubbles at room temperature
conditions. For bigger particles a somewhat larger variation in the
data was observed, probably related to shape deformation or wall
effects. The experimentally determined bubble-to-emulsion phase
mass transfer coefficients are somewhat lower than the theoretical
predictions, and it was shown that this is not caused by density dif-
ferences between the tracer gas and the background fluidization
gas, but rather to differences in the bubble rise velocity that was
experimentally measured vs. the correlation assumed in the
correlation.

For injected bubbles into freely bubbling beds the experiments
have shown a considerable increase in the bubble-to-emulsion
phase mass transfer coefficients in comparison to isolated bubbles
injected into fluidized beds at incipient conditions, which could be
clearly attributed to the increased through-flow of gas passing
through the bubble. The experimentally generated data have been
used to develop an empirical correlation able to predict accurately
(with deviations within 20%) the gas exchange based on the bubble
size and superficial gas velocity, where it should be noted that the
convection term was dominant for the cases considered in this
work. Finally, it is stressed here that many gas-solid fluidized beds
are operated at elevated temperatures and that the study on mass
transfer therefore also needs to be extended to fluidization at high
temperatures.
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