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A B S T R A C T

A fully resolved direct numerical simulation of flow and heat transfer is presented for slender randomly packed
bed reactors. The flow and temperature field are solved over a non-body fitted, non-conformal Cartesian
computational domain. The coupling between fluid and solid (both spherical particles and cylindrical wall) is
enforced by a second order accurate, sharp interface immersed boundary method (IBM). The present numerical
technique neither requires any challenging volumetric mesh generation process nor demands manipulation of
the geometry near the particle-particle and particle-wall contact points. Conjugate heat transfer has been
considered where the temperature field is calculated both inside the solid particles and in the fluid. A discrete
element method (DEM) is used to generate the random packings of spherical particles in the cylindrical column,
and a methodology is proposed to calculate the radial porosity profile of the bed.

The column-to-particle diameter ratio (N) is varied from 4 to 8, and two separate cases have been considered
where N → ∞. The particle Reynolds number (Red) is varied from 1 to 500. The numerically obtained pressure
drop and overall wall-to-bed heat transfer coefficient for different simulation cases are critically compared with
empirical correlations and a good agreement is reported. Moreover, based on the current numerical results,
correlations are proposed for the pressure drop and the wall-to-bed heat transfer coefficient. The effect of the
column-to-particle diameter ratio (N) on both the flow and heat transfer, as-well-as the effect of the solid to fluid
thermal conductivity ratio on the conjugate heat transfer are discussed. Furthermore, the fully resolved accurate
numerical simulations have helped to elucidate the detailed pore-scale flow and heat transfer feature in the
packed beds.

1. Introduction

Catalytic tubular fixed bed reactors are the most common and
important type of reactors in the chemical and process industries. The
reactions take place at the surface of catalysts particles (heterogeneous
reaction) and most of the time these reactions are exothermic.
Minimizing the overall pressure drop, temperature control, and species
conversion rates are the key criteria for the design of such reactors. The
pressure drop is directly related to the power requirements of the
supplying pump and temperature control is important for the environ-
mental safety as-well-as the performance of the catalyst. Usually, the
reaction rate, and thus the rate of heat production is an exponential
function of the operating temperature. If no proper cooling is applied,
the reactor temperature will increase very rapidly along the length of
the reactor, which may result in damaging of the catalyst. If the cooling
rate is insufficient, more and more reactants will be consumed and the

accompanying rapid temperature rise can lead to a thermal runaway
scenario. In general, the reactors are operated close to this runaway
condition as to maximize the yield and to minimize the reactor size.
Consequently, they become very sensitive to the operating conditions.
Any small change may lead to catastrophic failure and hence, a precise
knowledge of heat and mass transfer characteristics of such reactors is
crucial. The highest selectivity can be achieved when the temperature
change across the volume of the reactor is minimal. As a result,
industrial multi-tubular packed bed reactors are very popular, because
they consist of a large number of parallel tubes, placed inside a cooling
jacket. The diameter of the individual reactor tubes is small, in the
same order as the catalysts particle diameter, to offer a high specific
heat transfer surface area. Boiling water is often preferred as a heat
transfer medium outside the tube, which offers a high (external) heat
transfer coefficient, and it also provides a constant temperature over
the entire cooling jacket.
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Several simplified, coarse-grained numerical models are used in
design process of industrial reactors. In the macro description of
packed beds, the solid and liquid phases are treated as continua,
leading to a single mixture (homogeneous macro model) or two
separate mixtures (heterogeneous macro model) with effective proper-
ties. Volume averaged transport equations are solved and these models
are valid with fairly simplified assumptions, like homogeneity, axisym-
metric particle distribution, effective transport parameters etc. Despite
that local flow features are neglected, it can provide a fairly good
description of the global flow and transport phenomena using accurate
closures for effective transport parameters. For instance, transport
through a large column can be predicted by a 2D axisymmetric model,
which requires, (i) a radial porosity profile to account for in homo-
geneities near the wall, (ii) a drag closure for momentum transfer
between the solid and liquid phases, (iii) an effective radial (axial)
thermal conductivity to account for the micro-mechanism of heat
transfer in radial (axial) direction, (iv) a wall-to-bed heat transfer
coefficient, to model the increased resistance near the wall. In the next
level of volume averaging or homogenization, a phenomenological
model for packed beds characterizes the full bed by one or two (i.e.
near-wall-region and core-region) bulk porosities. Both the macro-
models and the phenomenological model require closures for effective
transport, which can only be obtained through either experiments or
computationally expensive fully resolved numerical simulations. Also,
for very slender columns wall effect results in an inhomogeneous
porosity distribution, which poses a major problem for coarse-grained
models of slender columns. Hence, fully resolved simulations are often
required. The interested reader may refer to several contributions by
Dixon (2012), Dixon and Nijemeisland (2001) which shows the use of
closures from fully resolved simulation in macroscopic models for
packed bed.

In this paper, we study the flow and heat transfer through slender
packed bed reactors by means of an accurate, assumption free, fully
resolved 3-D CFD numerical model. The analysis of transport phenom-
ena through packed bed reactors constitutes a classical problem.
Though numerous attempts have been undertaken to experimentally
study the packed bed reactors, only a very few and limited fully
resolved direct numerical simulations (DNS) have been performed.
The random packing of the particles in the bed leads to a very complex
flow pattern in the interstitial space between the particles. This
requires a sophisticated meshing technique, especially for the regions
around particle-particle and particle-wall contacts Dixon et al. (2013).
Furthermore, the generation of random packings, computational
expenses, and proper particle-particle, as-well-as particle-wall bound-
ary treatments make this problem numerically very challenging.
Almost all the authors have utilized unstructured body-fitted grids to
fully resolve the particles and the cylindrical wall. To generate random
packings, they have used discrete element method (DEM). It requires
exporting particle locations to a meshing software in order to generate
a 3D volumetric mesh. A summary of previous CFD modeling studies of
the hydrodynamics and heat transfer in packed beds is presented in
Table 1. Please note that the ratio of the column diameter (D) to
particle diameter (d) is represented by N and the Reynolds number
(Red) is calculated based on the particle diameter (d).

By closely looking into the cited literature the following conclusions
can be drawn:

• For 3D numerical study, volumetric mesh generation for the fluid
zone inside the packed beds is a challenge due to infinitesimal small
particle-particle and particle-wall contact area. Several meshing
strategies (e.g. creating gaps or overlaps or bridges or caps between
the two contacting particles) have been explored to avoid highly
skewed computational cells near the particle-particle and particle-
wall contact area.

• Most of the numerical studies employed the Reynolds-averaged
Navier-Stokes (RANS) equations without properly resolving the

boundary layers at the particle surfaces. These methods are not free
from empiricism and use of so-called turbulent wall function
treatment in a highly tortuous flow through porous structure is
debatable.

• Numerical results for a limited range of column-to-particle diameter
ratios are available, hence no correlation for bulk quantities like fully
developed pressure drop and wall-to-bed heat transfer based on
numerical studies have been proposed.

• The dependency of the heat transfer rate on the column-to-particle
diameter ratio is yet to be quantified by means of accurate numerical
simulation. The effect of solid (particle) conductivity on the overall
wall-to-bed heat transfer coefficient needs to be evaluated as well. To
study this effect the temperature needs to be solved in both the solid
and fluid zones, i.e. a conjugate heat transfer model is required.

To avoid the tedious mesh generation process, as-well-as to avoid
geometrical manipulation in the particle-particle contact points, in the
present study, a second order accurate implicit immersed boundary
method (IBM) has been used to fully resolve the solid wall in a non-
body conforming Cartesian computational grid. Both solid particles
and the cylindrical column wall have been resolved as immersed
boundaries, and the temperature inside the solid is also solved by a

Table 1
Summary of previous CFD modeling studies of hydrodynamics and heat transfer in
packed beds; N=D/d is the column-to-particle diameter ratio and Red is the particle
Reynolds number.

Reference Domain size and shape Numerical model Red
range

Dixon et al.
(2012)

Random packing of
spheres in a cylindrical
column; N=5.45 and
7.44

Standard k ε− turbulent
model for both flow and
energy; temperature inside
the solid is also solved.

1600 to
27,000

Tabib et al.
(2013)

Spheres, cylinders and
fluted rings are
randomly packed in a
cylindrical column;
N=2, 2.5, 3 and 15

Realizable k ε− turbulent
model for both flow and
heat transfer; a constant
wall temperature is
specified at the particle
surfaces.

up-to
1600

Bai et al.
(2009)

Structured and random
packing of spherical and
cylindrical particles in
cylindrical and
rectangular columns;
N < 4

Only flow field is studied
using standard k ε−
turbulent model.

2000 to
20,000

Eppinger
et al.
(2011)

Random packing of
sphere in a cylindrical
column; N3 ≤ ≤ 10

Only flow field is studied
using standard k ε−
turbulent model.

up-to
1000

Ookawara
et al.
(2007)

Random packing of
sphere in a cylindrical
column; N4 ≤ ≤ 8

DNS for both flow and
energy in an unstructured
mesh; a constant wall
temperature is specified at
the particle surfaces.

up-to
510

Atmakidis
and Kenig
(2009)

Random packing of
sphere in a cylindrical
column; N=2, 3, 5 and 7

DNS for only
hydrodynamics in an
unstructured mesh.

up-to
100

Riefler et al.
(2012)

Randomly placed
sphere in a cylindrical
confined; N=6.44

DNS for only
hydrodynamics in an
unstructured mesh.

up-to 30

Boccardo
et al.
(2015)

Bi-disperse and mono-
disperse spherical
particles, cylindrical
particles and trilobes
are randomly packed in
a large cylindrical
column.

DNS for only
hydrodynamics in an
unstructured mesh.

up-to
120

Maier et al.
(1998)

Cylindrical and
rectangular columns are
randomly filled with
spherical particles.
N=6.72, 7.23, 9.62 and
10.7

Lattice Boltzmann Method
(LBM) is used to fully
resolve flow in a Cartesian
computational domain.

up-to 30
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conjugate heat transfer (CHT) model. Details of the numerical model,
implementation and validation can be found in Das et al. (2016a,
2016b). The column-to-particle diameter ratio, N is varied from 4 to 8
and the particle Reynolds number (Red) is varied from 1 to 500. The
packing is also generated for cases with N=12 and 16, and only the
central core section of these latter two cases is considered for
simulation as to mimic a system without wall effects, i.e. for N → ∞.
A discrete element model (DEM) for particulate simulations has been
used to create a random packing in a cylindrical column. After
generating the packings for different cases, we import the particle
locations into our in-house immersed boundary method (IBM) based
CFD code.

In this paper, we will first briefly discuss the numerical methodol-
ogy and analysis techniques. Subsequently, we report the bulk porosity
and radial porosity profile for different column-particle combinations.
The flow structure and temperature variation at the pore-scale level are
shown. Non-dimensional pressure drops and wall-to-bed heat transfer
coefficients for different cases are then reported. The effect of the solid
conductivity on the conjugate heat transfer is presented next. Finally, a
pressure drop correlation and correlation for wall-to-bed heat transfer
coefficient are proposed.

2. Numerical methodology

2.1. Flow and heat transfer modeling by immersed boundary method
(IBM)

The conservation equations for mass, momentum and energy are
solved over a 3D Cartesian domain. For the present heat transfer
analysis, the energy equations are solved for both the fluid and solid
phases satisfying the continuity of temperature and heat flux at the
fluid-solid interface (conjugate heat transfer). The following governing
equations are solved:

u∇· = 0 (1)

ρ u
t

ρ uu p μ u∂
∂

+ ∇·( ) = −∇ + ∇f f
2

(2)

ρ C
T
t

ρ C u T k Tfluid phase:
∂
∂

+ ·∇ = ∇f pf
f

f pf f f
2

(3)

ρ C T
t

k Tsolid phase: ∂
∂

= ∇s ps
s

s s
2

(4)

Sub-scripts ‘s’ and ‘f’ represent solid and fluid respectively, u is the
velocity vector; ρ, μ, Cp and k are the density, viscosity, specific heat
and thermal conductivity respectively. In the current finite-volume
implementation the transport equations are integrated on a staggered
(Cartesian) computational mesh. The fluid-solid interface does not
confirm the Cartesian grids and to accurately incorporate the solid-
fluid coupling for both momentum and energy an immersed boundary
method (IBM) is used. At the solid-fluid interface, it ensures i) no-slip
condition for the velocity; and ii) continuity of heat flux and tempera-
ture between the solid and fluid phases. Details of the numerical model,
implementation and validation can be found in Das et al. (2016a,
2016b). However, in the consequent paragraphs, the in-house IBM-
CHT model is briefly discussed.

The implementation of the present immersed boundary method
(IBM) in a Cartesian computational domain, schematically shown in
the Fig. 1. To enforce boundary condition for flow and heat transfer at
the impermeable wall, at first all the cells are marked/ flagged as either
“solid-cell” (cell-center inside the solid body) or “fluid-cell”(cell-center
in the fluid zone) in staggered computational grid. The algebraic form
of the discretized momentum or energy equation at any cell-center ‘c’
(solid or fluid) can be represented as,

∑a ϕ a ϕ b+ =c c
nb

nb nb c
(5)

where ϕ corresponds to one of the fluid velocity components or
temperature, and ‘nb’ indicates the cell-center of surrounding neigh-
boring cells. ‘a’ represents the fluid property and geometry dependent
neighboring coefficients and all the explicit terms are summed in bc.
For a perspective of a fluid-cell (solid-cell) ‘c’, if one of the surrounding
cells ‘nb’ represent solid-cell (fluid-cell), the specific boundary condi-
tion (no-slip and temperature Dirichlet condition) is imposed by
changing the central coefficient (ac) and neighboring coefficient
(anb) of Eq. (5), detailed in Das et al. (2016a, 2016b). For momentum,
all the solid-cells are set to zero velocity (a = 1c , a = 0nb , b = 0c ),
however for conjugate heat transfer (CHT) analysis, energy Eq. (4)
needs to be solved in all the solid-cells as well. Solid thermal properties
are assigned for the solid-cells and along with this for the present sharp
interface IBM we enforce continuity of the temperature and the normal
heat flux at the solid-fluid interface (‘i’), i.e.

T | = T | and − k
∂T
∂n

| = −k ∂T
∂n

|f i s i f
f

i s
s

i (6)

In Fig. 1, F1 and F2 are the two fluid cells, and S1 and S2 are the two
solid cells. n in the normal at the interface, and i is the intersection of
the grid-line (ξ) with the fluid-solid interface. In the current CHT
implementation, using Eq. (6), the temperature at the fluid-solid
interface, Ti, is calculated from the previous time-step temperature
field, and in the current time-step used as a boundary condition for the
shared immersed boundary between fluid and solid. As a results, fluid
and solid cells are get decoupled, which separately satisfy Eq. (6) at the
interface. For all the near boundary cells (Ti) is calculate by Taylor
series expansion of Eq. (6) in the normal direction (n). To facilitate a
second order scheme, four probes – two in the fluid (d1 and d2 ) and two
in the solid (d3 and d4 ) – in the interface normal direction are used,
schematically shown in the Fig. 1. T1 and T2 are the temperatures at the
probes on the fluid side and T3 and T4 are the solid side probe
temperatures. In either direction, probes are placed at a distance x▵
and x2 ▵ from the interface, where x▵ is the uniform Eulerian grid
spacing. The temperature at the probes are calculated by trilinear
interpolation and using temperature at the probes, the surface tem-
perature is calculated as:

T
k T T k T T

k k
=

(4 − ) + (4 − )
3( + )i

f s

f s

1 2 3 4

(7)

For very complex structure it may happen second fluid probe
(second solid probe ) lies in the solid (fluid) or outside the CFD
domain. For such cases only first-order scheme is feasible to calculate
the solid surface temperature, detailed in Das et al. (2016b).

Fig. 1. The implementation of conjugate heat transfer (CHT) model in a Cartesian
computational domain.
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Wall effects are important for slender packed beds and the
cylindrical wall in the Cartesian computational domain is similarly
resolved using an IBM. However, the velocity and temperature
boundary condition at the inlet of the column requires special treat-
ment, which is detailed here. At the inlet of the rectangular computa-
tional domain, a specified inlet velocity (uinlet) is assigned for all the
cells that have their cell-center inside the column. For the rest of the
cells (i.e. outside the column) a zero inlet velocity is specified. As a
result, numerically, the total face area through which a constant inlet
velocity is specified (AS Num, ) is not necessarily equal to the cross-section
of the column (A D=S

π
4

2). To maintain the desired volumetric flow
rate, the inlet plug velocity is corrected as,

u A
A

u′ =inlet
S

S Num
inlet

, (8)

When the flow is in the x − direction, at a particular constant x −
plane,

∑ ∑A f y z= ( Δ Δ )S Num
j ny k nz

jk,
=1: =1: (9)

where yΔ and zΔ are the grid size in the y − and z − directions. ny
and nz are equal and represent the number of grid cells in the y − and
z − directions. fjk is either 0 or 1 based on the location of cell-center of
an individual cell; it is 0 if the cell is outside the column and 1 if it is
inside the column. To check the accuracy of the method we have
simulated a case of single-phase laminar flow and heat transfer in a
circular conduct. Simulations are performed at Re =20D and Pr=10. A
uniform constant velocity and temperature was prescribed at the inlet,
at the outlet the pressure was prescribed along with zero gradient
conditions for all other parameters, and no-slip and constant wall
temperature conditions were used at the channel circular wall. The
length of the channel was chosen as 20 times the diameter (D), so that
in the majority of the tube the system is fully developed both in terms
of the radial temperature and velocity distribution. At fully developed
condition, the simulation results are compared with the analytically
obtained Darcy friction factor, f = = = 3.2D

dp dx
ρu D Re

/
/ 2

64

inlet
2 and Nusselt

number, Nu=3.6568. The simulations are performed for four different
grid resolutions, i.e. 10, 20, 40 and 60 grid cells across the diameter of
the channel. The computed values of the fully developed Nu, fD and the
maximum relative deviation to the theoretical parabolic velocity profile,
i.e. uΔ =max

u u
u
−Num Ana max

Ana
are shown in Table 2. The computed correction

factor (A A/S S Num, ) for the inlet velocity amounted to 0.981748,
0.987232, 0.994175, and 0.999800 for the four different grids respec-
tively. Table 2 shows an excellent agreement with analytical results.

2.2. Random packings by discrete element method (DEM)

There are two major techniques for generating a random packing
structure: experimental tomography of the column and discrete
element method (DEM) based numerical simulation. The Džiugys
and Peters (2001) is generally used to simulate the flow dynamics of
granular material. In this method, the motion of the particles are
determined by applying Newton's second law of motion to each
particle. For p th− particle the generalized form of the linear and
angular motion equations are:

m
dV
dt

F
dχ
dt

V= ; =p
p

p
p

p (10)

I
dω
dt

T
dθ
dt

ω= ; =p
p

p
p

p (11)

where mp, Ip, χp and θp stand for mass, moment of inertia, location of
the center of mass and angular position of particle p. Vp and ωp are the
particle linear and angular velocity; Fp and Tp represent the total force
and torque acts on the p th− particle. The collision between two
particles or particle to wall modeled by soft contact-force model (Strack
and Cundall, 1978), where the total force is calculated based on the
particle deformation/ overlap. When two particles strikes each other, at
the contact point normal to the particle surface, they experience the
elastic force (Fel), proportional to the deformation of the particles and
the viscoelastic damping forces (Fdn) proportional to the normal relative
velocity between the particles. In the tangential direction of the contact,
the tangential force (Ft pq, ) comprises of Coulomb type friction force and
a dynamic forces proportional to the tangential relative velocity and
deformation between the particles. Hence, generalized form of the the
collision force on pth particle by qth particle reads as:

F F F F k δ n γ v μ F

k δ γ v t

= + + = − − min{ | |,

| − − |}
pq el pq dn pq t pq n n pq pq n rn c el pq

t t pq t rt pq

, , , , ,

, (12)

where npq and tpq represent the unit normal and unit tangential vector
at the contact point, respectively. δn pq, is normal overlap between
particle p and q, whereas δt pq, is the tangential displacement vector
between the particles. vrn and vrt are the normal and tangential relative
velocity between the particles. kn and kt are elastic constant for normal
and tangential direction; whereas γn and γt are viscoelastic damping
constant for normal and tangential contact respectively. μc represents
Coulomb type dynamic friction coefficient. Hertz-Mindlin non-linear
contact force model, available in the open-source DEM code
LIGGGHTS (www.liggghts.com) has been used to calculate the material
constants.

The present allows to have multiple collision/ contact between the
particles at the same time, which is essential for static packings. Total
force acts on the pth particle will be summation of all the forces by
other particles (total number of particle n), wall and gravity (g ):

∑F m g F= +p p
q q p

n

pq
=0, ≠

−1

(13)

Similarly, total generated torque on pth particle,

∑T d F= ×p
q q p

n

c pq pq
=0, ≠

−1

,
(14)

where dc pq, is radius vector pointing from the center of mass of particle
p to contact point with particle q or the cylindrical wall. For spherical
particles, a rolling torque resistance also added to the total torque
calculation. The time integration of Eq. (10) and (11) are performed by
leap-frog scheme, which provides stable solution.

The dynamics of the particles and as a result, the resulting packing
depends on the mechanical properties of the solid spheres and the wall.
For DEM simulations, the mechanical properties of the particles are set
according to those of glass spheres with a surface roughness (friction
factor) that is chosen to be typical for catalytic particles. A total of seven
column diameter (D) to particle diameter (d) with
N D d= / = 4, 5, 6, 7, 8, 12, 16 are used. A maximum particle over-
lap of 1% of the particle diameter is obtained from the DEM-code. The
DEM simulation parameters are listed in Table 3.

In Fig. 2 the transient filling procedure is shown. Initially, clusters
of particles are randomly placed near the top of the column. The
particles are placed randomly by a Monte Carlo simulation procedure
available in LIGGGHTS and allowed to fall due to gravity. New groups
of particles are used to fill the column up-to a desired height of

Table 2
Comparison of simulation and analytical results for flow through a circular duct.

Grids (n n n× ×x y z) Nu u%Δ max fD

200 × 10 × 10 3.6702 2.224 3.1927
400 × 20 × 20 3.6623 0.538 3.1988
800 × 40 × 40 3.6594 0.128 3.1998
1200 × 60 × 60 3.6592 0.061 3.1999
Analytical solution 3.6568 n.a. 3.2
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approximately H d= 15 . After inserting the final group of the particles,
the DEM simulation is continued until all particles have come to rest.
In Fig. 3 the final random packing for different N are shown. The
locations of the spheres are stored so they can be imported into the
IBM based DNS code.

In general, the bed porosity depends on (i) particle to column
diameter ratio, (ii) particle size and shape, (iii) surface roughness of the
particles, (iv) loading of the method, and v) the external agitation of the
column or fluidization. There is no generalized correlation which
relates the bed porosity with all these parameters (de Klerk, 2003).
At the same time, random placement of the particles during the filling
process may change the bed porosity. In our DEM simulation, we have
used spherical particles of a specific roughness (coefficient of friction)
without any external agitation of the column. In this case, the packing
generation is random due to the arbitrary placement of groups of
particles and the number of particles per group. We have first studied
the effect of initial random placement of particles on the resulting
packing porosity by running the same simulation several times while
keeping all other setting the same. We found negligible (∼1%)
differences on the overall porosity. Then we performed three different
simulations only varying the number of particles per group such that
the porosity of the filling cylinder turns into approximately 0.7, 0.8 and

0.9, and here too, we found negligible differences on the overall
porosity. However, if we place the particles very closely (porosity of
filling cylinder ∼0.4) in the initial group, then the number of particles
per group turns out crucial and changes the overall porosity of the bed.
For the present pouring method used in this work, we can conclude
that the packing structure is more or less unique.

2.3. Calculation of radial and axial porosity distribution

For a very large column, the global porosity is generally calculated
on basis of the number of particles and packing height. However to
calculate the radial and axial porosity profile either 3D imaging
techniques (Zhang et al., 2006) or numerical techniques (Mueller,
2012) as used in this work are required. To this end, based on the
particle locations, we first calculate the porosity at each and individual
Cartesian cell of the CFD domain. From the 3D porosity distribution of
the cylindrical bed, we calculate the porosity distribution (i) along the
axis of the column averaged over each cross-section, and (ii) along the
radius averaged over both axial and azimuthal direction. In the axial
direction, at the bottom section of the bed particles are oriented in an
ordered manner (bottom wall effect) and also in the current filling
process, at the top section of the column the particles are packed
loosely. After generating the packings by DEM simulations, we remove
the particles from both the bottom section and the top section of the
packing (up to 2–3 particle diameters) and export the packing to our
CFD solver. As a result, the reported bulk porosity of the bed, radial
porosity profiles and the flow simulation results are independent of the
bed height.

To calculate the porosity at each computational cell, at first all the
computational cells that are fully inside a solid particle are assigned a
value ε = 0 and those fully outside the solid particles a value ε = 1. We
call a computational cell fully inside the solid when all the eight vertices
are inside the solid body. To calculate the porosity for cells that are
partially occupied by particles, we need to calculate the volume of a
very complex 3-D geometrical shapes created by the intersection of the
grid lines and the particle surface. In the present study, this is
approximated numerically, by first dividing all the relevant cells into

Table 3
Parameters used in DEM simulations to generate random packings of spherical particles.

value units

Particle diameter (d) 0.03 m
Cylinder diameter (D) 0.12, 0.15, 0.18, 0.21, 0.24, 0.36, 0.48 m
Number of particles 220, 340, 510, 680, 940, 2100, 3700 –

Particle density 2300 kg m/ 3

Young modulus 4.92 × 1010 Pa

Poisson's ratio 0.23 –

Coefficient of restitution 0.94 –

Coefficient of static friction 0.2 –

Coefficient of rolling friction 0.02 –

DEM time-step 10−7 s

Fig. 2. Transient snapshots of the DEM simulations for N=5. A cluster of particles are initially randomly placed at the top of the column and allowed to fall due to gravity. Several
clusters are used to fill the column to an approximate height H d= 15 .
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very small sub-cells and then counting the number of sub-cells that are
in and outside the particles. The porosity can now easily be obtained by
dividing the number of fluid sub-cells by the total number of sub-cells.
Fig. 4-a schematically represents the methodology in 2-D. In this
figure, only the computational cells that contain solid interface are
divided into 4×4 sub-cells; the blue line indicates the surface of a
spherical particle, white sub-cells are outside, and the dark sub-cells
are inside the particle. For instance: for the central cell, the obtained
porosity is approximated as ε = 3/16 = 0.1875. The accuracy of this

method will improve as the number of sub-cells is increased. In all
calculations presented in this work we have divided each cell into
10 × 10 × 10 sub-cells which provide us with an accuracy of O (0.1)%. A
similar approach has been used to calculate the porosity near the
column wall, where cells are also cut by the cylindrical wall and
decrease in cell volume (fluid) is also considered to calculate porosity.
To decrease the computational expenses, at first, we loop over all the
particles, create a bounding box around each particle, and only
examine the computational cells inside the bounding box to assign

Fig. 4. Method to determine the bed porosity in a non-conformal Cartesian grid. (a) At first, all the computational cells are checked for fully inside the solid particles ε( = 1) or fully

outside the solid particles ε( = 0). The cells containing solid particle surface is divided into equal sub-cells and by counting the number of sub-cells inside the solid, porosity of that

computational cell is evaluated ε(0 < < 1). (b) Porosity distribution at an axial cross-section of a typical case. To evaluate radial porosity profile at a particular cross-section, the column

is divided into a series of concentric annuli of equal thickness rΔ . The computational cells, inside a particular radius of r are identified and by averaging the porosity of those cells the
radial porosity is evaluated. After evaluation radial porosity profile at each cross-section, it is averaged along the axial direction.

Fig. 3. Random packing of spherical particles obtained from DEM simulations for N = 4, 5, 6, 7, 8, 12, respectively. Different particle colours are used for proper visualisation.
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porosity value. In Fig. 4-b, the local porosity distribution at a column
section is shown for a typical case. The axial porosity profile (εa) is
obtained easily by averaging porosity at each cross-section. In the
Cartesian domain, to calculate the radial porosity profile (εr), each
cross-section of the bed is divided into a serious of annuli of thickness

rΔ . In Fig. 4-b one such annulus at radius r is shown. The computa-
tional cells inside the particular annulus are identified and by simple
averaging the radial porosity at radius r is calculated. For this random
packing, after evaluation radial porosity profile at each cross-section, it
is averaged along the axial direction. Please note we have chosen rΔ
equal to the Cartesian grid spacing and the method proposed here can
easily be used for non-spheral particles.

3. Results and discussions

3.1. Simulation cases and settings

Fully resolved flow and heat transfer simulations are performed for
in total seven different flow domains (N=4, 5, 6, 7, 8 and the core
section of N=12 and 16 column) with five different particle Reynolds
numbers (Re =1, 20, 50, 100, 250, 500d ). For the column with N=4 to
8, the wall effect is important and no-slip boundary conditions at the
cylindrical wall are implied (Fig. 5-a). However, for the case of N=12
and N=16, wall effects are small, and hence only the core section of the
packing is considered giving a rectangular computation domain of
cross-section d d6 × 6 (see Fig. 5-b). As such, the latter two cases
represent N → ∞. Free-slip boundary conditions are applied to the side
walls in those cases. In this paper the seven different cases are referred
to as N 4, N5, N6, N7, N8, Ninf1, and Ninf 2 respectively for further
discussion. For all the cases, we have removed ∼3 particle layers of the
bottom part of the bed and ∼2 particle layers from the top of the very
loosely packed bed. This provides us with a packing height of

approximately 10 times the particle diameter along the axial direction,
where the cross-sectional average porosity remains more or less
homogeneous. To minimize the influence of the boundary conditions
at the inlet and outlet, an inlet section of length equal to d3 and an
outlet section of approximately d6 are added respectively upstream and
downstream of the spherical packing. In Fig. 5-a, the column, packing,
inlet, outlet sections for N5) and in Fig. 5-b core section of N=16
column, i.e. Ninf1 are shown. Fig. 5-c shows a very small section of the
N=16 column to check the grid independence (Appendix A). For Fig. 5-
b and c, no-slip boundary condition are specified to the side-walls.

At the inlet of the bed a fixed superficial velocity (U m s= 1 /s ) is
specified and the outlet of the column is subject to a prescribed
pressure condition. For all the simulations a constant particle diameter,
d m= 0.03 has been used. We have also tested the effect of the inlet and
outlet section length by extending the domain up to d10 and d15 ,
respectively and only a negligible difference was observed. For the heat
transfer analysis, a constant fluid temperature (T K= 300inlet ) at the
inlet is specified. The column wall of the inlet section is set equal to
Tinlet, whereas the main part of the column (including the packing and
the outlet section) are kept at a constant temperature T K= 400column . In
this way, we can ensure that no heat transfer occurs between the
entering fluid and the wall of the inlet section. The temperature is
solved both inside and outside the solid particles (conjugate heat
transfer model). At the solid-fluid interface continuity of heat flux and
temperature are ensured by our IBM model. For the fluid, Pr=1 and a
solid-fluid conductivity ratio, k k/ = 10s f is used for almost all the
simulations. This ratio is typically found for glass/air systems. As we
are only interested in the steady state, the fluid and solid specific heat
and density are considered to be the same. Besides this, two different
solid to fluid conductivities of 1 and 100 and two different Prandtl
number of 0.5 and 2 are considered for the N6 column to check the
effect of the conductivity ratio and Prandtl number on the overall heat

Fig. 5. The Computational domain used in flow and heat transfer simulations. (a) Cylindrical column packed with spherical packing for N=5; (b) Core section of N=16 column; (c) a
small section of a packing used for grid independence study. For all the cases, an inlet section and an outlet section are considered to remove boundary effects. For (a) no-slip condition is
specified at the cylindrical wall, whereas for (b) and (c) all the side walls are specified as free-slip walls.
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transfer rates. Cartesian grids of equal spacing ( x y zΔ = Δ = Δ ) are used
and a grid dependence study suggested that 40 grid cells across the
diameter of each particle provide grid independent results. The time-
step is chosen such that the maximum Courant-Friedrichs-Lewy (CFL)
number remains below 0.4 for all the cases. Detailed numerical settings
are presented in Table 4.

3.2. Bed porosity

The radial porosity profile (εr) is an important parameter in the
context of flow channeling near the wall and homogeneity of the packed
bed. To characterize the radial variation of porosity in cylindrical beds,
de Klerk (2003) proposed the following relation that is averaged in the
axial and azimuthal directions:

⎧⎨⎩ε p
p p p

ε e π p e p
( ) =

2.14 − 2.53 + 1, ≤ 0.637
+ 0.29 [cos(2.3 ( − 0.16))] + 0.15 , > 0.637b

p p

2

−0.6 −0.9

(15)

where p = R r
d
− is the normalized wall distance and R D= /2, radius of

the column. In this equation εb represent the bulk porosity for an
infinitely large column diameter, i.e. in the absence of the wall effects.
According to de Klerk (2003), effects of the mode of packing and the
surface roughness of the spheres on the overall porosity distribution
are embodied in εb, which in our case equals ε = 0.37b (obtained from
the core-section of the N=12 and N=16 column). In Fig. 6 the radial
porosity is plotted as a function of the normalized wall distance (p)
along with the correlation proposed by de Klerk (2003). It shows that,
both the amplitude and the frequency of the porosity distribution near
the wall matches very well with the correlation. For a very slender
column, the maximum deviation is mainly found near the axis of the
column. This behavior was also observed by Eppinger et al. (2011).

The particles near the wall have an ordered packing due to the
presence of the wall regardless of the particle to column diameter. The
shape of the radial porosity distributions in Fig. 6 is due to the
alignment of the outer ring of the particles against the column wall.
Fig. 7 shows the distribution of the particle centres projected on the
cross-section of the cylinder. Near the wall, a distinct/ sharp ring like
structure forms. The ring-like structures propagate few particles
inward, but it becomes more and more defused. It is the reason for
the oscillatory trend of radial porosity profile (Fig. 6) with peaks at an
integer number of particle diameters. The oscillation dampens out

quickly as the distance from the wall increases.
Fig. 8 shows the axial porosity distribution (averaged over each

cross-section) with normalized axial distance (m=x/d). A similar
oscillation is found due to the presence of the bottom wall. Please note
that for a very tall column, this effect can safely be neglected. However,
if the column size is relatively shallow, during averaging, this effect may
lead to inconsistent results. To avoid this, in CFD domain only middle
section ( m3 ≤ ≤ 15) of the generated packings from DEM simulations
are exported. It results more or less homogeneous axial bed porosity
through out the bed.

Fig. 9 shows the variation of bulk or overall porosity with different
particle to column diameter ratios. The DEM results are compared with
the correlation by Jeschar (1964), de Klerk (2003) and Dixon (1988),
which respectively read:

ε
N

= 0.375 + 0.34
(16)

ε ε e ε to= + 0.35 , = 0.375 0.391b
N

b
−0.39 (17)

ε
N N

= 0.4 + 0.05 + 0.412
2 (18)

It is found that the correlation proposed by Jeschar (1964) matches
well with the present DEM results. In Fig. 9 the upper limit and the
lower limit of the porosity variation with N are shown for De Klerk's
correlation (de Klerk, 2003). By reviewing several experimental data,
De Klerk proposed ε ∼ 0.375 − 0.391b for random pouring of spherical
particles in a cylindrical container without any mechanical vibration.
Our present DEM simulation results are very close to the upper limit of
the porosity estimated by De Klerk's correlation.

3.3. Hydrodynamics

3.3.1. Pressure drop
As mentioned earlier, in total seven different packing configurations

(N 4 to Ninf 2) have been considered and the particle Reynolds number
has been varied from 1 to 500. For very low Reynolds numbers (Darcy
regime or creeping flow regime), the pressure drop is only balanced by
the shear stress at the cylindrical wall and the particle surfaces. When
the Reynolds number is increased (Forchheimer regime), the flow
inertia starts playing a role and the total pressure drop contains viscous
and inertial contributions. Sometimes, in porous medium literature
these two flow regimes are referred to as laminar and turbulent
regimes, which is misleading (Niven, 2002). Please note that, in the
present study the flow is still laminar at Re =500d and the pressure drop
offered by a porous medium to the motion of the fluid at finite Reynolds
number is expressed as the sum of the viscous and kinetic energy
losses:

p
x

aμU bρUΔ
Δ

= +s s
2

(19)

The values of a and b depend on the type and the structure of the
porous medium. A lot of effort has been made by several researchers to
form generalized functions for a and b in terms of porosity and the
length scale of the porous medium. For creeping flows, Carman first
proposed a in the form of a hydraulic radius and tortuosity. For porous
media made of mono-disperse spheres Ergun proposed:

a A ε
ε d

b B ε
ε d

= (1 − ) 1 and = (1 − ) · 12

3 3 2 (20)

where A=150 and B=1.75 are known as the Ergun constants. This
formulation is also extended for close packings of non-spherical
particles with the help of sphericity. Ergun proposed this correlation
for particles filled in a very large container where wall effects can be
neglected. However, in the case of slender columns the pressure drop is
altered by two effects: (i) the near wall porosity fluctuation in the
annular near wall region up to about two particle diameters from the

Table 4
Parameters used in CFD simulations; For the two cases indicated with *only the core
section of the N=12 and 16 column is considered (i.e. Ninf1 and Ninf 2). The porosity
value reported here is the porosity of the core section, not the porosity of the full column.

Parameter Values units

x y zΔ = Δ = Δ 7.5 × 10−4 m

Time step ( tΔ ) ∼10−5 sec
Particle diameter (d) 0.03 m
Column diameter (D) 0.12,0.15,0.18,0.21,0.24,0.36,0.48 m
Column height 0.585 m
Average bed porosity (ε) 0.455,0.446,0.428,0.419,0.4, 0. 37*,

0. 369*
–

Superficial velocity (Us) 1 m s/
Fluid viscosity (μf) 0.03 Pa s−

Fluid/solid density
(ρ ρ=f s)

1, 20, 50, 100, 250, 500 kg m/ 3

Particle Reynolds
number (Red)

1, 20, 50, 100, 250, 500 –

Fluid thermal
conductivity (kf)

0.03 W m K/( )

Fluid/ solid heat
capacity (C C=P f P s, , )

1 J K/

Solid thermal
conductivity (ks)

0.03, 0.3, 3 & 30 W m K/( )
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wall, and (ii) the wall friction offered by the cylinder wall. As seen in the
Fig. 9, N also changes the porosity of the bed, however for infinitely
wide columns it converges to a fixed value.

In the review paper by Macdonald et al. (1979), they compared the
experimental results of other authors with the Ergun correlation and
proposed different values of the constants. In their studies, A=180 for
the viscous component of the pressure drop had been adopted from the
Carman equation and B=1.8 was found by fitting a large amount of
experimental data including the original results by Ergun. They showed
that the modified Ergun correlation can describe the pressure drop
with an accuracy of ± 25%. Most probably, to fit the data at higher
Reynolds number, Ergun reduced the value of A (Nemec and Levec,

2005). The porosity function, i.e. ε ε(1 − ) /2 3 for the viscous term and
ε ε(1 − )/ 3 for inertial term first proposed by Ergun was found to be very

accurate by several authors (Nemec and Levec, 2005) for the case of
very close packing ( ε0.35 < < 0.55). It indicates that, for a column with
large diameter, if different packing configuration creates different
porosities, the value of constants A and B should not change. For a
close packing, by analytical formulation, Niven (2002) justified use of
such porosity function for pressure drop calculations, however for
dilute systems this function needs to be modified. Hence, most
researchers have only tried to find the values of A and B for dense
packings. There exists a large number of uncertainties in experimental
results and as a result, a huge variation can be observed in the existing

Fig. 6. The averaged radial porosity profile (εr) with normalized wall distance (p) for N=4, 5, 6, 7, 8, 12, and 16, respectively. The present DEM simulation agrees well with correlation
proposed by de Klerk (2003).
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literature data. By means of fully resolved numerical simulation, we
will try to find the values of A and B for different column-to-particle
diameter ratio.

We first normalize the pressure gradient as follows:

f p x
μU d

A ε
ε

B ε
ε

Re= Δ /Δ
/

= (1 − ) + (1 − )
s

d2

2

3 3 (21)

As a result the pressure drop becomes a linear function of Red and

Fig. 7. The distribution of the particle centres projected on the cylinder cross-section.

Fig. 8. The averaged axial porosity profile (εa) with normalized wall distance (m) for N=4, 5, 6, 7, 8, and 12, respectively. Only a middle section of the packings, m=3 to m=15 are used
in CFD simulations and to calculate average bed porosity.

Fig. 9. The overall or bulk bed porosity with column-to-particle diameter ratio.
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by linear fit we can easily find the values of of A and B. In Fig. 10 the
non-dimensional pressure drop (f) versus particle Reynolds number
(Red) for different column-to-particle diameter ratios (N) is plotted. It
is found that with increasing N the pressure drop increases, mainly due
to the decrease in overall porosity of the bed. The pressure drop is a
very strong function of bed porosity and any small change in bed
porosity leads to a large change in pressure drop. It is interesting to
compare the current simulation results with experiments and evaluate
the values of A and B from the present fully resolved simulation. To
account for the wall effect, the most popular pressure drop correlation
is the correlation of Eisfeld and Schnitzlein (2001). In their correlation
A and B are not constants, but vary with N and ε:

⎡
⎣⎢

⎤
⎦⎥

A A B
A
B

A
N ε

B
N

= 154 , = , = 1 + 2
3 (1− )

,

= 1. 15 + 0. 87

ES w ES ES
w ES

w ES
w ES

w ES

,
,

,
,

, 2

2

(22)

They have reviewed pressure drop data of other researchers (2300

data points and 24 different correlations) and proposed the above
correlation. This correlation fits most of the experimental data (95%
confidence level) for N=2 to N → ∞ with an accuracy of ± 34%. From
Eq. (22) we can find that the pressure drop constants reach a value of
A = 154ES and B = 1.32ES when N → ∞, which is much lower than the
values from the Ergun or modified Ergun correlation. In Fig. 11-a the
non-dimensional pressure drop obtained from our simulations is
compared with the Eisfeld and Schnitzlein correlation in a log-log plot
for N 4 to N8 columns. It is found that all the simulation results lie
inside the reported error band. Fig. 11-b shows the variation of the
modified friction factor (ψ) with the modified Reynolds number (Re′d),
as defined by Ergun:

ψ p x
ρU d

ε
ε

= Δ /Δ
/ (1 − )s

2

3

(23)

Re
ε

Re′ = 1
1 −d d (24)

Please note that in Fig. 11-b modified Ergun constants (Macdonald
et al., 1979) are used and simulation results for Ninf1 and Ninf 2 are
compared. All the simulation results are within ± 25%. In Appendix A
we have shown the effect of the grid resolution on the friction factor for
Re =50d and 500 considering a small section of a packing (Fig. 5-c). It
shows that a grid resolution of d x/Δ = 80p (G80) provides grid
independent results for finite Reynolds number flow. However, to
reduce the computational expenses we have used G40, which leads to
an over-prediction of the pressure drop by ∼10%. In Fig. 11-b, error
bars for Re =50d and 500 are also shown. It can be observed that the
deviation between the DNS results and the modified Ergun correlation
decreases with the use of finer grids.

The low column-to-particle diameter ratio influences pressure drop
in two ways, (i) the wall shear stress induces a pressure drop and, (ii)
the increase in porosity near the wall reduces the pressure drop (see
Fig. 9). So as compared to infinitely large columns, the overall pressure
drop in a slender column is a trade off between these two effects, which
depends on the Reynolds number. From the simulations we found that,
A decreases with increase in N and B first decreases and then increases.
From the current numerical results we have obtained the following
correlation for A and B:

A
N ε

= 1 + 1.052
{ (1 − )}w DNS, 1.413 (25)

Fig. 10. Non-dimensional pressure drop (f) with particle Reynolds number (Red) for
different column-to-particle diameter ratio (N). Firm lines are the liner-fits for individual
columns.

Fig. 11. Comparison of current simulation results with empirical correlations. (left) Comparison between Eisfeld and Schnitzlein (2001) correlation and the present simulations results
for different N. (right) Comparison between modified Macdonald et al. (1979) and present simulations results for column with infinite diameter. The dashed lines indicate the error
margin of 34% and 25% respectively.
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B e= 2.2752 − 1.216w DNS
N ε

,
−0.1738 (1− ) (26)

A A= 180DNS w DNS, (27)

B A B=DNS w DNS w DNS, , (28)

Fig. 12 shows that Eqs. (25) to 28? fit well the numerically obtained
A and B for individual packing and the average deviation is only ∼2%.
Please note that, in this fitting, to estimate N → ∞ for both Ninf1 and
Ninf 2 columns, N=100 is considered. The above form of A and B is
partially motivated from Eisfeld and Schnitzlein (2001) correlation and
when N → ∞ it approach to A = 180DNS and B = 2.27DNS . For this range
Red, we found that the value of B is higher than both Ergun and
modified Ergun correlation while the A=180 is also found in both
Carman equation and modified Ergun correlation (Macdonald et al.,
1979). Most of the experimental studies available in the literature have
concentrated on moderate to high Reynolds number. Presumably to
achieve a better fit at higher Red, the accuracy is sacrificed in the lower
range of Reynolds number and as a result in their correlation different
values of B appears. This statement can be justified by the experimental
study by Dukhan et al. (2014). They studied the pressure drop through
a porous medium made by metal foam where they have tried to capture
accurately the Darcy to Forchheimer regime flow transition. They
concluded that, for flow through porous media, f vs. Red curve change
its slope (i.e. B) from the low to moderate to high Reynolds number and
fitting the whole range of data by a single line may lead to large error.
Finally, for their system, they proposed non-dimensional pressure drop
correlation using a piecewise linear function. Beside this, in our case
the grid independency test suggests that, at high Reynolds number the
present grid resolution over-predicts the pressure drop by ∼10% as
compared to infinitesimal grid size. Which is also contributed in the
deviation between numerically obtained value of B compared to
experiments.

3.3.2. Velocity profile
Another important characteristic for the flow through packed bed is

its velocity distribution. The averaged velocity field and velocity
distribution can be used to study flow channeling that has a significant
impact on both heat and mass transfer in packed beds. In Fig. 13 the
averaged axial velocity profile over non-dimensional wall distance is
shown. In this plot, the azimuthal-averaged interstitial velocity at each
cross-section of the column is averaged along the length of the column.
It can clearly be seen that the velocity profile follows the trend of the
radial porosity profile, and as expected at places of low porosity high
velocities are observed. Note that at large column diameters, flow

channeling only occurs near the wall and a single peak in the velocity
profile is observed. For slender columns several peaks are found and
for N=4, significant channeling occurs at the center of the column.

In Fig. 14 the axial velocity contours at the mid-plane of the N6
column are shown for Re =1d and Re =500d . For the latter case, a large
negative value of the axial-velocity indicates a comparatively strong
local back-flow. For all the cases, the flow remains almost steady up to
Re =50d . For higher Red the flow becomes unsteady, however in these
cases the amplitude of the velocity and pressure fluctuations remains
small (∼1 − 2%). The high solid fraction suppresses these fluctuations.

3.4. Heat transfer

The wall-to-bed heat transfer rates only have been calculated for the
N 4 to N8 columns with Reynolds numbers varying from Re =1d to 500.
The column wall is fixed at a constant temperature (400 K), which is
higher than the fluid inlet temperature (300 K). The wall in the inlet-
section has the same temperature as the fluid at the inlet, to prevent
any heat transfer between the column wall and fluid in the inlet section.
As the fluid Prandtl number is chosen as unity, the thickness of the
thermal and momentum boundary layers at the solid surfaces are the
same and the same spatial resolution for solving the flow and heat
equations is sufficient. If the radiative heat transfer is neglected, the
wall-to-bed heat transfer occurs mainly by three different mechanisms,
i.e. (i) direct conduction through the wall-particle contact points, (ii)
conduction through the very thin layer of stagnant fluid between the
wall and the particles near the contact point, and (iii) convective heat
transfer from the wall to the flowing fluid. For macroscopic modeling of
heat transfer in a porous medium, the type of thermal boundary
condition influences the effective wall-to-bed heat transfer coefficient
(Alazmi and Vafai, 2002). For a constant heat flux boundary condition
at the column wall, different heat flux partitioning techniques have
been proposed in the literature, where the total heat flux is divided into
two parts; a heat flux to the porous matrix and a heat flux to the fluid.
However, for the case of a constant wall temperature boundary
condition, the contact area between the solid particle and wall is
important. In reality the particle-particle and particle-wall contact
creates a complex solid matrix through which the heat transfer cannot
be neglected as generally conductivity of the solid is higher than of the
fluid. The particle-particle and particle-wall very small contact area are
difficult to resolve fully; especially the unstructured mesh generation
involves quite a lot challenges. To account for this phenomenon in an
accurate manner, Dixon et al. (2012) proposed creating solid bridges

Fig. 12. Coefficient A and B of Ergun-type equation, obtained from DNS simulation with column-to-particle diameter.
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Fig. 13. Azimuthal-averaged axial velocity profile with normalized wall distance (p) for different D d/ ratios: (a) N=4, (b) N=5, (c) N=7, and (d) N=8. The velocity profile follows the
trend of the averaged radial porosity profile, and at the place of low porosity high velocities are observed.

Fig. 14. Snapshot of axial velocity contours for N=6 column at the longitudinal and transverse cross-section of the packing: (a) Re =1d , and (b) Re =500d .
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between the contacting particles and the wall at the particle-wall
contact point. Subsequently, they used an effective stagnant thermal
conductivity of these bridges. Analytically this effective thermal con-
ductivity is calculated based on the size of the bridge, the volume and
conductivity of the solid and the fluid in the bridge. However, at
moderate and high Reynolds number flows, the use of such bridges
may deviate the flow field from reality. For the present case, i.e. low and
moderate Reynolds number flows having a low solid conductivity, we
resolve the conduction at the particle-particle and particle-wall contact
area and the present spatial resolution provides a reasonable grid
independent solution (see Appendix A).

3.4.1. Temperature profile
Fig. 15 shows the temperature contours for the mid-section of the

N 4 and N8 columns with varying Reynolds number (Red). At very low

Reynolds number, the heat transfer is mainly governed by conduction
and for the case of a fixed wall temperature the bed almost reaches the
cylindrical wall temperature. As we increase the Red, the “macroscopic”
thermal boundary layer starts forming at the column wall. The
macroscopic boundary layer thickness deceases with increasing
Reynolds number. For very slender columns the boundary layers of
opposite walls tend to overlap and create a homogeneous temperature
variation. Fig. 16 shows the azimuthal-averaged solid and fluid
temperature profile with non-dimensional wall distance at two parti-
cular cross-sections (X1 and X2) for N 4 and N8 columns, and for
Re =20d and 500. The cross-sections X1 and X2) are at, respectively, d5
and d12.5 height from the inlet of the column as shown in Fig. 16-b and
d. The expansion of the macroscopic boundary layer thickness is clearly
visible, which decreases with increase in Red. The upstream tempera-
ture is higher than the downstream temperature due to the heat

Fig. 15. The temperature contours at the mid-plane of the column for different Reynolds number: (top) N=8 and (bottom) N=4. The black circles indicate the intersection of the mid-
plane and the solid particles.
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addition to the system. The difference between the solid and fluid
temperature is small irrespective of the Reynolds number as the
conductivity ratios are small.

3.4.2. Local wall-to-bed heat transfer coefficient
The local wall-to-bed heat transfer coefficient was calculated at each

cross-section of the column, along the axial direction (m=x/d) using
the following equation:

h
Q

T
=

˙

Δl
wall l,

(29)

where Q̇wall l, is the total heat flux coming from the cylindrical wall to
the bed at the particular cross-section, and TΔ is the temperature
difference between the cylindrical wall (Twall) and the cup-mixing or
bulk temperature (Tcup-avg) of the fluid at that section,

T T TΔ = −wall cup avg− (30)

∫

∫
T

u T dA

T dA
=cup avg

A a f

A f
−

f

f (31)

where, ua represents the axial interstitial velocity and Af is the total
area of fluid at a section of the column. The heat transfer coefficient can
also be expressed in a non-dimensional form, i.e. as a local Nusselt

number (Nud l, ), which is defined as:

Nu h d
k

=d l
l

f
,

(32)

Results for the local Nusselt number (Nud l, ) are shown in Fig. 17. At
very low Reynolds number, the main mode of heat transfer is
conduction and the total heat transfer rates are predominantly
governed by the conductivity of the bed. The solid spheres have a
comparatively higher thermal conductivity. Hence, particles that are in
contact with the column wall lead to an increase in the heat transfer
rate. As a result, several spikes in the heat transfer coefficient are
observed in Fig. 17-a and -e at the locations of the particle-wall contact
points. For the columns of larger diameter (Fig. 17-e), the thickness of
these spikes is increased due to the larger number of particles (i.e.
larger contact area) that are in contact with the wall. Please recall that
spherical particles are placed at a dimensionless height of

m∼3 < < ∼ 15 of the column, and as a result when m > ∼ 15, the heat
transfer drops. At higher Reynolds numbers, the heat transfer is
governed by convection. The vigorous flow around the solid particles
augments the heat transfer. For moderate and high Red, the fluctua-
tions of the Nud l, along the axial direction are mainly due to fluctua-
tions in interstitial velocity along the axis (caused by the variation in
the axial porosity profile). The magnitude of theses fluctuations is

Fig. 16. Variations of azimuthal-averaged temperatures at two different cross-section (X1and X2) for: (a) N=4 and Re =20d ; (b) N=4 and Re =500d ; (c) N=8 and Re =20d ; (d) N=8 and

Re =500d .
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higher for the N 4 column compared to the N8 column, as variations in
the axial porosity profile are also higher for the N 4 column (see Fig. 8).
For the same packing structure, the amplitude of these fluctuations
increases with increase in Red, due to the increase in local back-flow.

3.4.3. Overall wall-to-bed heat transfer coefficient
To calculate the overall wall-to-bed heat transfer coefficient, we

have chosen two column cross-sections, at the two ends of the packings
(Fig. 5-a). The down-stream bulk temperature is refer as TA and
upstream as TB. The wall-to-bed overall heat transfer coefficient in the
present case is defined as:

h Q
T

=
˙

Δ
wall

LMTD (33)

where Q̇wall is the total heat flux coming from the cylindrical wall to the
bed and TΔ LMTD is the logarithmic mean temperature, defined as:

T T T
ln T T

Δ = Δ − Δ
(Δ /Δ )LMTD

B A

B A (34)

T T TΔ = −A wall A (35)

T T TΔ = −B wall B (36)

Similar to the hydrodynamics study, we use the particle diameter

(d) to define both the characteristic Reynolds number (Red), and the
non-dimensional heat transfer coefficient i.e. Nusselt number.:

Nu hd
k

=d
f (37)

Several experimental correlations for heat transfer coefficients are
available in the literature (Leva, 1947; Colburn, 1931; Yagi and Wakao,
1959; Chu and Storrow, 1952). At low Reynolds number it is difficult to
accurately measure the heat transfer coefficients, and as a result most
of the experimental studies focus on moderate and high Red flows. In
most of the literature the heat transfer coefficient is proposed in the
form of Nu pRe= q. Experimentally, it is found that q ∼ [0.75 0.9] for
moderate and high Red. The first work of heat transfer through packed
bed was performed by Colburn (1931), The overall heat transfer
coefficient was correlated in terms of Red and N, where high Red cases
were considered. On the other hand, Yagi and Wakao (1959) per-
formed experiments in the range of Re1 ≤ ≤2000d and found that the
column-to-particle diameter ratio has a negligible effect on Nu. They
also checked the effect of solids conductivity on the overall heat
transfer and at moderate Red the main mechanism of heat transfer is
convection. They also observed no significant effect of the solids
conductivity on the overall heat transfer coefficient. They proposed
the following correlation for the heat transfer coefficient:

Fig. 17. Variation of the local wall-to-bed heat transfer coefficient Nu( )d l, along the non-dimensional axial direction (m=x/d) for the N 4 and N8 columns, and Re =1d , 20, 100 and 500.

For Re =1d , where thermal conduction is the main mode of heat transfer, sharp peaks of Nud l, are observed at those heights where the highly conductive solid particles are in contact with

the wall. For higher Red, the fluctuations of Nud l, are due to fluctuations in the porosity distribution and back-flow.
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⎪

⎪

⎧
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⎩

Nu
Pr Re Re
Pr Re Re

=
0.6 , 1 ≤ ≤40
0.2 , 40 ≤ ≤20000

d Yagi
d d

d d
,

1/3 1/2

1/3 0.8
(38)

Leva (1947) performed similar experimental studies for packed
beds of spheres where they varied N from 6.67 to 20 and Red from
∼200 to 3000. Air (Pr ∼ 0.74) was used as a working fluid, and glass
and clay particles were used as solid packing. They also considered the
column-to-particle diameter ratio (N) in their correlation:

Nu e
N

Re= 0.813d Liva
N

d,
−6/

0.9
(39)

By closely looking into Eq. (39) we can find that for N varying from

4 to 8, the quantity 0.813 × e
N

N−6/
varies from 0.045 to 0.048, i.e. the

deviation is in the limit of experimental accuracy and can be neglected.
In our case too we found a variation in heat transfer coefficient of ∼2%
from the average value for different N, which we subsequently
neglected. In Fig. 18 and Table 5 the numerically obtained Nud is
shown. As forced convection is the main mechanism for heat transfer,
with increase in Reylonds number the heat transfer rate is also
increase. Please note that in our simulations we have chosen Pr=1.
The following curve-fit equation is proposed:

Nu Re Pr= 1. 351 + 0. 1124d d
0.878 1/3 (40)

The first term on the right hand side of Eq. (40) represents the heat
transfer for very slow flow when conduction is important and Nud is
independent of Pr. In most of the experimental studies this term is
generally neglected due to difficulties to measure heat transfer at low
Reynolds number flow. To incorporate the effect of fluid properties we
multiply the Reynolds number term with Pr1/3. This dependency of Nud
on Pr can be justified by boundary layer theory and is well reported in
the literature. Fig. 19 shows a comparison of our current numerical
results with the correlation by Yagi and Wakao (1959). It shows that

except for very low Red all the results are within an error margin of
10%.

3.4.4. Effect of solid-to-fluid conductivity ratio
In this conjugate heat transfer analysis it is interesting to study the

effect of solid to fluid conductivity ratio on the overall heat transfer
coefficient. In the present case k k/ = 10s f is considered, however for N6
column and Re =1d , 50, and 500 we have considered k k/ = 1s f and 100 to
check the effect of solid conductivity on the overall heat transfer. The
values of Nud for all these cases are shown in Table 7. As expected the
increase in solid conductivity increases the overall heat transfer rate,
but this increase is relatively very small, in particular at high Reynolds
numbers. For very high solid to fluid conductivity ratio this dependency
flattens off. Similar observations were reported by Yagi and Wakao
(1959) in their experimental work. When we specify a constant wall
temperature boundary condition at the column wall, the amount of
heat transferred to the bed depends on the combined effect of the
particle conductivity and the contact area between the particle and
wall. As the particle-wall contact area is very small, the amount of heat
coming directly through the solid conduction is small and consequently
the effect of solid conductivity is also small.

4. Conclusions

In the present paper an in-house immersed boundary method
based finite volume code has been used to simulate flow and heat
transfer through slender fixed bed reactors packed with spherical
particles. Both the cylinder wall and the particle surfaces are resolved
by an immersed boundary method in a Cartesian computational
domain. As a result the current numerical technique does not require
any challenging mesh generation process and particle-particle contact
point treatment. A discrete element method has been used to generate
random packing in a cylindrical container. A new methodology is
proposed to calculate axial and radial porosity profile.

The column-to-particle diameter ratio is varied from 4 to 8, and the
particle Reynolds number from 1 to 500. Also two separate cases have
been considered where ideally N → ∞. The overall bed porosity, as-
well-as the radial porosity profile (averaged) obtained from DEM
simulation has been compared with the existing literature results,
and an excellent agreement is found. The non-dimensional pressure
drop and the overall heat transfer coefficient has been compared with

Fig. 18. The non-dimensional heat transfer coefficient (Nud) with Reynolds number
(Red) for different column-to-particle diameter ratios (N=4 to 8).

Table 5
The numerically obtained Nud for different Red and N.

Re =1d Re =20d Re =50d Re =100d Re =250d Re =500d

N=4 1.325 3.044 5.192 7.918 15.700 27.246
N=5 1.426 3.140 4.873 7.634 15.303 26.971
N=6 1.379 3.021 4.787 7.637 15.684 27.694
N=7 1.317 2.999 4.808 7.726 16.066 28.096
N=8 1.306 2.823 4.626 7.513 15.589 28.128
Curve-fit (Eq.(40)) 1.4634 2.9099 4.8354 7.7537 15.6623 27.6490

Fig. 19. Comparison of numerically obtained overall heat transfer coefficient with
experimental correlation by Yagi and Wakao (1959). The dashed lines indicate an error
margin of 10%.
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experimental correlations and also a good match has been observed.
The effect of the cylinder wall on the pressure drop has been

studied. It is found that at low column-to-particle diameter ratios the
wall effect is important for pressure drop. However, the column-to-
particle diameter ratio has an insignificant effect on the overall heat
transfer coefficient. Similarly, it is found that the solid conductivity also
has a very small effect on the overall heat transfer rate. Similar
behavior was previously reported in several experimental studies.
Based on the current numerical results, finally we have proposed
correlations for the pressure drop and the overall heat transfer
coefficient.

In the present study, we have only considered monodisperse
spherical particle without any reaction or heat generation. It is
interesting to study the effect of particle size (i.e. polydispersity), shape
(i.e. sphericity) on overall flow and heat transfer results.

A proper grid resolution at the particle-particle contact point is very
important and any geometrical manipulations at the particle-particle
contact points may leads to large errors. From grid refinement tests, it
is found that the present fully resolved numerical results are reasonably
grid independent. However, use of a sub-grid level modeling approach
or grid adaptation, only at the particle-particle contact area, will reduce
the mesh count for grid independence results, and in this direction,
further investigation is required.
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Appendix A. Grid interdependence test

For the current fully resolved IBM based numerical techniques the
grid resolution should be fine enough to fully represent the solid
immersed boundary in the non-conformal Cartesian grids. For a
spherical or cylindrical body at infinite domain, we have verified that
20 grid cells across the diameter of a sphere is more than sufficient to

achieve grid independent results for both flow and heat transfer (Das
et al., 2016a, 2016b). However, for the current problem at hand, the
very small gap in between two contacting spheres needs special
attention. In the literature, where the unstructured mesh has been
used to simulate this complex domain either this gap has been fused
(by increasing the diameter of the spheres or creating cylindrical
bridges) or this gap has been increased (by reducing the diameter of
the sphere or capping the sphere). As a result, for those studies grid
independent results are easily achieved. However, those results can
largely differ from the actual system and would require ad-hoc tuning
of the particle diameter and/or porosity (Boccardo et al., 2015).

To check the accuracy of the current method, we have taken a small
section of a large column and performed simulations with varying
grids. In Fig. 5-c the computational domain used for grid independent
test is shown. All the side walls are specified as free-slip boundaries
with constant wall temperature. Simulations are performed for two
different Reynolds numbers, Re =50d and Re =500d and three different
grids, G20 (20 grid cells across the diameter), G40, and G80. The non-
dimensional friction factor (f) and Nusselt number (Nud) for different
grid resolution are shown in Table 6. The value of f and Nud for infinite
grid resolution ( xΔ → 0) is estimated by extrapolation of the results for
the performed simulations. It is found that for both Re=50 and
Re=500, the G80 grid provides grid independent results. However, all
the simulations presented in this paper were done with G40 grids. For
the N=8 column the total cell count is already as high as ∼80 million
and using a G80 grid would lead to a grid count of ∼640 million, which
is very computationally expensive. It is for this reason that we have
done all simulations with the G40 grid. It is worth to mention that we
have also checked the effect of grid resolution for creeping flow cases
and it is observed that under those conditions the G20 grid is sufficient
to have grid independent results. Hence, it can be confirmed that
resolving the boundary layer near the particle-particle intersection for
inertial flows is crucial.
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