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Summary

The current chemical industry has been improved and optimized since the 
development of the first big complexes two centuries ago. However, the time of big 
centralized production may be behind us. Nowadays, chemical plants are re-invented 
using process intensification (PI) principles, since the market laws and other 
regulations are pushing towards an adaptable and versatile distributed production, 
close to consumers or to raw materials. One of the large industries going through the 
major overhaul is chlor-alkali production. The electrochemically produced chlorine 
and caustic soda are the raw materials of different essential commodity products. The 
chlorine processing consists of drying, compression and liquefaction before shipment 
and consumption. Phasing out the use of mercury together with the strict chlorine 
transport regulations provides an incentive for the development of an intensified 
distributed plug-and-produce chlorine unit. The research presented in this thesis aims 
to intensify the chlorine processing step of the chlor-alkali technology by developing 
new alternative processes.  

For the accurate design of separation processes (i.e. drying by adsorption, liquid-liquid 
extraction or crystallization), an accurate representation of the system 
thermodynamics is a prerequisite (Chapter 2). The NRTL model is used for the 
activity coefficient calculations, as suggested in literature for partially miscible liquid 
mixtures. The activity coefficient of chlorine in water is accurately predicted as a 
function of pressure and temperature, using a linear correlation for the energy 
parameters. The activity of water in chlorine is more difficult to model because of a 
lack of data. The chlorine-water interaction characterizes the chlorine liquefaction and 
liquid chlorine drying process. The activity coefficients are used to calculate the 
liquefaction efficiency of chlorine depending on the total operating pressure and 
content of incondensable gases. The approach is tested for the activity coefficient 
calculation of the dichloromethane (DCM) and water system due to the availability of 
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the mutual solubility data. DCM is used in experiments as a paradigm for liquid 
chlorine due its similarity in size and properties.  

The adsorption drying of DCM in a packed bed (Chapter 3) is studied. The measured 
water adsorption equilibrium on molecular sieve 3 A matches the literature data and is 
accurately represented by the General Statistical Thermodynamic Approach (GSTA) 
model. The packed bed is adequately modeled as a plug flow reactor with axial 
dispersion. The molecular sieve particles in the bed are modeled by a pore diffusion 
and surface diffusion model. The water surface diffusion coefficient is used as a fitting 
parameter of the model to the experimental adsorption DCM drying breakthrough 
curves. This model demonstrates that intraparticle diffusion of water is the adsorption 
rate limiting step. The water saturated bed is regenerated by the superheated DCM 
vapor. The DCM and water vapor condensation on the particles is the main heat 
source for the bed heat up. The experiments with the additional external bed heating 
increases the process efficiency while decreasing the consumption of the DCM vapor 
and the regeneration time. The cyclic steady state experiments demonstrate the 
feasibility of this novel drying process. 

Water removal by hydrate formation is to be feasible in a rotor-stator spinning disc 
(RSSD) crystallizer in Chapter 4. The high shear force acting on the fluid prevents 
sticky hydrate adherence on the heat exchange surfaces of the RSSD crystallizer, 
compared to the conventional heat exchangers. Lower crystallization temperatures 
result in shorter induction times of the DCM hydrate formation and thus faster water 
removal rates. Higher mass transfer rates at higher rotation speeds have the same 
effect. Continuous drying of DCM by hydrate formation did not block the spinning 
disc contactor. The results show that the RSSD heat exchanger facilitates an elegant, 
energy-efficient water removal process that can be applied to the removal of trace 
amounts of water from hydrate forming liquids. 

In Chapter 5, an industrial case for the co-current liquid DCM drying with sulfuric 
acid is investigated in the same spinning disc contactor used for hydrate crystallization. 
Both an increase in the disc rotational speed and decrease in the total flow rate reduce 
the acid holdup. The overall liquid-liquid mass transfer coefficient increases with 
rotational speed, and is 6 times higher than in packed columns. However, above 1000 
RPM a stable emulsion of DCM in the acid is formed.  

This bottleneck could be resolved by the three-stage counter-current centrifugal 
extractor, which has the ability to independently adjust the centrifugal and shear force 
by the co-rotating casing and impeller (Chapter 6). A small amount of hygroscopic 
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concentrated sulfuric acid can be used to efficiently dry DCM to a low ppm water 
content in this counter-current multiple spinning disc extractor (MSDE). The 
complete phase separation (and thus pure outlets) is obtained by tuning the rotational 
speeds of the casing and the impeller at different flow rates, and flow ratios. 
Decreasing the acid flow rate narrows the complete phase separation zone. The acid 
holdup follows the trend of the acid pressure drop over the extractor, which could 
help the MSDE regulation. The value of the overall liquid-liquid mass transfer is 
higher compared to other centrifugal extractors, which increase the centrifugal force at 
the expense of the increased shear force. The MSDE is a compact versatile unit with 
the option of extending the residence time without influencing the mass transfer 
performance. 

Chapter 7 conveys the experimental and modeling efforts into the conceptual chlorine 
drying process design. All alternatives are based on the high pressure chlorine 
production (above 8.4 bar), which provides significant benefits in the view of lower 
volumetric flow (and thus longer residence time or smaller equipment). Compared to 
the conventional chlorine gas, the energy demand is decreased three times. 
Additionally, the pressurized chlorine gas is easily liquefied at ambient temperature, 
leading to even lower water content due to its low solubility in the liquid chlorine. 
Extraction in multiple spinning disc apparatus decreases the sulfuric acid consumption 
needed for liquid chlorine drying, offering the possibility of the acid regeneration on 
the chlorine production site instead of its storage and shipping. The proposed packed 
bed adsorption process gives an opportunity for neat chlorine purification besides 
drying in a sustainable manner. The crystallization in a spinning disc apparatus yields 
the smallest process size, together with the lowest energy consumption, due to the 
heat integration in the intensified spinning disc apparatus. Additional optimization of 
these alternatives would lead to even smaller and more efficient chlorine processing at 
the consumers’ site. 

Optionally, due to its small size, the whole chlorine production takes place in a 
pressurized purged vessel decreasing the pressure difference acting on the seals while 
also eliminating the chance of leakage to the environment. Besides demonstrated 
benefits of the high pressure chlorine electrolysis for the chlorine processing, it also 
affects the other parts of the chlor-alkali process such as electrochemical cell and 
caustic work up. This positive synergetic effect motivates further research in this topic 
but also paves the road for the localized distributed production of other chemicals 
leading to a sustainable future. 
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xi



xii



Chapter 1 
Introduction 

1.1 Development of chemical industry 

Chemical engineering in its rudimentary form such as cement production exists since 
the Hellenic and Roman times. The term “chemical engineering” however appears in 
18th century, together with the expansion of the industrial revolution [1]. The first 
large scale industrial process is sulfuric acid production followed by cloth bleaching 
and soda works in Great Britain. Expansion to Germany and USA follows in 19th 
century, increasing the quantity and variety of produced chemicals [2]. In the 
meantime raw materials (coal, salt, sulfur, pyrites) and products (alkalis and acids) 
expand to natural gas, oil, and fertilizers, rubber, dyes, polymers, petrochemicals and 
electrochemicals. Different catalysts, reactors and unit operations are developed in this 
period, laying down the core chemical engineering basis. Chemical industry created in 
19th and 20th century is improved and optimized to perfection by exploiting the 
existing equipment to its maximum [1,2].  

Specialty chemicals, food preservatives and additives seized their market share in the 
past fifty years. Together with emerging pharmaceutical and biochemical industries, 
they require quick adaptations of an equipment for new products while complying 
with good manufacturing practices [2]. They re-shape chemical engineering by 
focusing on smaller and versatile apparatuses instead of large and sturdy chemical 
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complexes. Lower equipment volume decreases the holdup of gases, liquids or solids 
in the apparatus increasing safety [3]. It also decreases the amount of body material 
needed, leading to cheaper equipment and use of more expensive (coating) materials. 
Also, recently there is a shift from centralized plants to localized production closer to 
the resources – raw materials or energy sources. Transport regulations become more 
strict putting the emphasis on production close to the consumers as well [4]. This 
opens the opportunities for the development of smaller equipment with an adaptable 
capacity and a fast response time. Developing customized multifunctional apparatus 
enables new more economical processing conditions [5]. Altogether, these alternatives 
lead to process intensification.  

Examples of equipment for achieving process intensification are microreactors [6], 
rotating packed beds [7] and spinning disc reactors (SDR) [8]. This equipment 
significantly improves mass and heat transfer performance compared to traditional 
equipment, decreasing volume and waste while improving efficiency and safety. 
Rotor-stator spinning disc (RSSD) reactors have been developed at Eindhoven 
University of Technology, showing great improvements in mass transfer (gas-liquid 
[9,10], liquid-liquid [11,12], and liquid-solid [13]) and heat transfer (single phase 
[14,15], boiling [16] and condensation[17]). A single stage of a RSSD reactor consists 
of a disc in a cylindrical housing enclosed with a top and a bottom stator [18]. A fast 
disc rotation leads to higher surface renewal rates, while a narrow rotor-stator gap 
results in higher shear forces giving larger surface area for mass transfer in multiphase 
systems. Although its benefits are experimentally demonstrated, there are no industrial 
applications of the promising RSSD technology up to this point. In this thesis we 
investigate the application of the RSSD equipment for the chlor-alkali process. The 
chlor-alkali industry is one of the pillars of chemical industry worldwide that is going 
through major overhaul towards safer, environmentally friendly and intensified 
distributed production after more than a century of the conventional process 
optimization [4].  

1.2 Chlor-Alkali process 

The chlor-alkali industry is one of the largest electrochemical processes in the world. 
Electrolysis of aqueous sodium chloride solutions provides indispensible intermediates 
of a commodity chemical business – chlorine and sodium hydroxide (caustic soda) 
[19]. The electrochemical process is developed in the 19th century, when chlorine is 
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mainly used for the textile and the paper industry. The technology is then refined until 
the 1890s by the scientific achievements such as electric generators, diaphragm and 
mercury cells, and steel corrosion resistance towards dry chlorine [20]. The discovery 
of the chlorine water treatment reduces the rate of waterborne diseases in the 
beginning of 20th century. Production of plastics, solvents and pharmaceuticals 
increase the demand for chlorine after the 1940s. Up to the end of the 20th century, 
the mercury cell technique dominates in Europe, while the diaphragm and membrane 
cell technique govern the United States and Japan’s plants (due to the development of 
perfluorosulfonate and perfluorocarbonate bi-layer polymer membranes) [19]. The 
expansion of the chlor-alkali industry is governed by market demands (development 
of new products), environmental regulations (i.e. transport limitations) and energy 
prices (focus on renewable sources) [21]. The chlorine production nowadays is an 
indicator of the country’s development of chemical industry, and exceeds 65 million 
tons per annum worldwide used for PVC (32.8 %), polyurethanes (isocyanate and 
oxygenate precursors – 31.6 %), chloromethanes (6 %), epoxy resins (4 %), different 
inorganics (i.e. titanium dioxide, bromine, hydrochloric acid and bleach – 16 %) and 
solvents (3 %) [22]. The chlorine market is expected to grow from 62 million € in 
2014 to 83 million € by 2019, mainly due to developments in Asia [23].  

Figure 1.1. Chlorine production capacity worldwide (per continent) [21] and in Europe (per country) [22]. The 
rest of Europe’s capacity consists of Austria (0.7 %), Finland (1 %), Greece (0.3 %), Ireland (0.1 %), 
Portugal (1 %), Slovakia (0.6 %), Slovenia (0.1 %), Sweden (1 %) and Switzerland (0.2%). Europe 

contributes 16 % of worldwide chlorine production capacity, 7 % of which is the share of the Netherlands (1.1 
% of the total capacity in the world). 

Europe’s share in world’s production is around 9.7 million tons (80 % of maximum 
capacity), with more than 42 % of it belonging to Germany (Figure 1.1) [22]. The 
membrane manufacturing process is current state of the art technique in both 
economic and ecological terms, and represents 61 % of Europe’s capacity [21]. 
Production is centralized in large plants such as those of Dow Chemicals in Stade, 
Germany (1.5 million tons per year capacity), INEOS in Runcorn, UK (0.71 million 

___________________________________________________Chlor-Alkali process

3



tons) and AkzoNobel in Botlek, the Netherlands (0.64 million tons). Together with 
the site in Delfzijl (0.12 million tons), AkzoNobel’s membrane process produces 89.5 
% of all chlorine in the Netherlands [22].  

Figure 1.2 depicts the block diagram of the membrane production process. Brine 
purified by precipitation, filtration and ion exchange is fed to the anolyte 
compartment of the electrochemical cell, while water is supplied on the catholite side. 
Bi-layer polymer membranes are highly sensitive to brine impurities such as calcium 
and magnesium which are kept below 20 ppb [19]. Sodium is transported through the 
membrane to form sodium hydroxide solution in the catholyte department, together 
with hydrogen evolution on the cathode. Weak caustic (30-36 %) is concentrated by 
multistep evaporation up to 50 % by weight [20]. Cooled and compressed hydrogen is 
usually consumed on the spot as a reactant (in case of integrated production site) or as 
an energy source. In the anolyte compartment the chlorine gas forms on the anode 
after which it goes through an additional processing. The depleted brine is re-saturated 
and purified before being re-used. The whole process takes place at atmospheric 
pressure and between 80 °C and 95 °C [24]. 

Figure 1.2. Block diagram of brine electrolysis in a membrane cell [19]. Main products are diluted caustic (30-
36 %) that undergoes further concentration, and wet chlorine gas that needs to be dried and compressed, while 

hydrogen is a side product that is upgraded and spent on the spot.  
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Figure 1.3. Schematic depiction of chlorine processing [19]. The wet gas is first cooled to condense water vapor 
and decrease the consumption of the concentrated sulfuric acid used in the subsequent drying step. Dry chlorine is 

safely compressed and liquefied in steel equipment before consumption, storage or transport. 

Chlorine processing has not changed significantly since 1888 when BASF developed 
the method depicted in Figure 1.3 [21]. Motivation for drying is the discovery of 
stainless steel’s chemical resistance against dry chlorine decreasing the equipment cost 
[25]. Furthermore, many chemical reactions with chlorine require a water-free 
environment. The pressure drop in the equipment is low to avoid compression before 
the chlorine is dried, since corrosion rates are proportional to water partial pressure. 
Wet chlorine is extremely corrosive towards virtually all metals, except titanium and 
tantalum with certain restrictions [26].  

Initially, the produced chlorine gas at atmospheric pressure is saturated with the water 
vapor at temperatures above 80 °C in the electrochemical cell. This leads to a water 
content of 25 % in the gas. Titanium plate heat exchangers condense the water vapor 
above 13 °C. This reduces the water content in the gas to 1-2 %. This water content is 
critical for maintaining the passive titanium oxide layer responsible for titanium 
resistance in the wet chlorine atmosphere. Additionally, below 10 °C, sticky solid 

___________________________________________________Chlor-Alkali process

5



chlorine hydrates form, clogging the equipment. Hydrates (gas hydrates, clathrate 
hydrates) are crystalline solid structures formed by entrapping a small gas or liquid 
molecule within a water molecule cage [27]. Chlorine hydrate is the first hydrate 
discovered, by Sir Humphrey Davy in 1810 [28]. 

The condensed water is mixed with depleted brine. This mixture is re-saturated after 
dechlorination. The cooled chlorine gas containing 1.5 % of water is further dried 
with concentrated sulfuric acid (93-98 %). Plate, packed and hybrid (plates on top of 
the packing) columns are used for a counter-current gas-liquid contact [24]. 
Construction materials are brick-lined steel (with glass reinforced plastics in between), 
fiber-reinforced plastics (FRP) or ceramics [29]. The acid removes the remaining water 
and is diluted to 70-80 %. Further dilution results in increased corrosion rates and a 
higher chlorine solubility in sulfuric acid, increasing the chlorine loss [19]. When two 
or more columns are applied, the part of the acid used for removing the traces of 
water is regenerated on the spot due to its low dilution. However this concept 
additionally increases the capital costs and the size of the process. The current price of 
sulfuric acid makes selling the diluted one to the supplier economically more feasible. 

The dry chlorine gas (< 10 ppm of water) is led through carbon steel demisters to 
remove fine submicron droplets of sulfuric acid [20]. All previous steps are made to 
ensure that dry and droplet free chlorine reaches expensive and large compressors. 
Manufacturing centrifugal or liquid ring (with sulfuric acid) compressors out of noble 
materials increases the price of the whole process, while drying is cheap with current 
sulfuric acid prices [19]. Although carbon steel is resistant to dry chlorine, 
compression increases the gas temperature. A temperature above 120 °C leads to a 
chlorine fire of carbon steel [25]. Thus, the compression in several stages with 
intermediate cooling is necessary to reach the desired pressure.  

Approximately half of the produced chlorine is used on the spot while the rest is 
liquefied and transported to other consumers [21]. Liquefaction takes place in carbon 
steel heat exchangers where a refrigerant is used for indirect heat transfer. Optimizing 
the energy for compression and the energy for cooling determines the liquefaction 
conditions. Chlorine pressure above 7 bar uses cooling water for liquefaction reducing 
the energy costs [20]. Complete chlorine liquefaction is not possible due to 
incondensable compounds present in the compressed gas. These incondensable gases 
include oxygen (formed in electrochemical cells due to current inefficiency), carbon 
dioxide (decomposition of brine purification carbonates) and air (leakage through 
seals into parts of the process operating below atmospheric pressure) [19]. Normally 
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these gases make up 2 vol % of the pre-liquefied gas leading to 98.0-99.5 % 
liquefaction efficiency [30].  

The residual gas from liquefaction (tail gas) is used for production of hydrogen 
chloride, bleach and ferric chloride. In this way, uncondensed chlorine is recovered 
from the tail gas that can be then treated and vented [20].  

Liquefied chlorine is ready for transport. Safe practice of chlorine production, 
transport and use are strictly regulated with different international institutions such as 
EuroChlor in Europe and The Chlorine Institute in USA. Increasingly more stringent 
EU regulations limit the transportation options leading to a decrease of chlorine 
transport by 40 % percent since the year 2001 [22]. With the expected increase of 
decentralized chlorine demand and potential new products in the future, there is a 
motivation for the development of a plug-and-produce unit. AkzoNobel already 
developed the RCCP concept (Remotely Controlled Chlorine Production) by 
downscaling the current state of the art process [31]. However, a lower production 
capacity together with process intensification equipment opens new smaller, more 
economical and safer opportunities for chlorine processing. 

1.3 Material selection 

From everything noted in the previous paragraphs, materials of construction play an 
important role in the process design severely limiting the operating conditions and 
process unit operations. As mentioned earlier, chlorine is notoriously corrosive 
towards virtually all metals in the presence of water [32]. An especially challenging 
operation is the chlorine drying section where both dry (< 10 ppm) and wet chlorine 
(> 10 ppm) are present, together with sulfuric acid (70-98 %). Temperature also plays 
a significant role, for both wet and dry chlorine. Thus material selection is an essential 
part of the intensification of chlorine processing alternatives. 

_____________________________________________________Material selection
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Table 1.1. Materials of construction used for wet and dry (<10 ppm) chlorine contact (gas or liquid) [26,29]. 

Material 
Chemical resistance Maximum 

temperature, °C Comment 
Dry Wet 

Cast Iron + - 120 Brittle 

Carbon steel + - 120 Fine grain for low 
temperatures 

Stainless steels + - 150-250 Stress cracking 

Nickel + - 300 Mechanical properties 

Titanium - + 90 Water vapor pressure 

Tantalum + + 150 Mechanical properties 

Copper + - 150 Mechanical properties 

Silver & gold + + 20 Mechanical properties 

Aluminum & platinum - - / Severe corrosion 

Hastelloy C® + - 300-500 C22 excellent for wet 
chlorine (40 °C) 

Inconel® & Monel® + - 500 / 

PVC + + 60-80 Mechanical properties, 
permeability 

PVDF + + 120 Mechanical properties 

PTFE + + 200-260 Mechanical properties, 
permeability 

ECTFE + + 100 Mechanical properties 

PP & PE + - 30 Mechanical properties 

Graphite + - 200 Limited experience 

Glass + + / Mechanical properties, 
thermal shock 

Silicon Carbide + + / Limited experience 

Aluminum Oxide + + 70-100 Limited experience 

+ resistant
- not resistant
/ no information on temperature effect

Chapter 1 - Introduction________________________________________________
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Table 1.1 summarizes the chemical resistance of different materials. In case of metals, 
corrosion resistance is the consequence of passivation [19]. Many metals used for wet 
chlorine service are not resistant for dry chlorine, and vice versa, as with titanium. The 
passivating titanium oxide layer makes titanium chemically resistant when there is 
sufficient water present in chlorine (13-90 °C) [25]. Otherwise, bare metal rapidly 
reacts with dry chlorine creating liquid titanium tetrachloride that evaporates due to 
reaction energy released exposing surface for further chlorine attack leading to violent 
combustion. In the case of carbon steel, the ferric chloride film protects the surface 
from further corrosion in the dry chlorine conditions [25]. Ferric chloride is a very 
hygroscopic salt. If water is present, it dissolves the protective ferric chloride layer, 
causing further fast corrosion of the surface in contact with wet chlorine but also with 
the ferric chloride solution itself (a strong oxidizing agent). Furthermore, the presence 
of grease, oil or other lubricants disrupts the formation of protective films on the 
surface leading to corrosion even if the material itself is resistant to dry and/or wet 
chlorine. Finally, in case of liquid chlorine, the velocity is limited to 2 m/s to prevent 
erosion of the passive layer [26].  

Different metals have temperature limitations to avoid dry chlorine combustion. This 
limit is 120 °C for carbon steel, while for stainless steel it is in the range 150-250 °C, 
depending on the nickel content [29]. The compression ratio thus has to take into 
account temperature restrictions of the compressor materials during the chlorine 
liquefaction step. Traces of hydrocarbon lubricants exothermally react with chlorine 
increasing temperatures locally affecting steel chemical resistance. Hastelloy C can be 
used even above 400 °C due to its high nickel content [26]. Interestingly, Hastelloy C 
is chemically resistant to chlorine with traces of moisture. Low temperature leads to 
brittleness of carbon steel (fine grain), limiting the operating temperature down to -40 
°C in the chlorine liquefaction equipment [29]. 

The only metal resistant to both dry and wet chlorine gas and liquid is tantalum. It 
also has excellent performance at elevated temperatures up to 150 °C. The use of 
tantalum is limited by its mechanical strength (also affected by potential hydrogen 
embrittlement), the possible risk of creep, and its high price [26,29]. However, new 
coating technologies such as tantaline are economically feasible solutions for low 
volume equipment internals [33].   

Nonmetallic materials used in the process are mainly thermoplastics and FRP. Major 
challenges are temperature limits, material properties and chlorine permeability 
(diffusion) through the material leading to blistering. Plastic materials (i.e. PTFE, 
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PVDF, PVC, PEF) are used as lining for the metallic parts for gaseous chlorine 
processing. ECTFE is the only plastic applied in pressurized liquid chlorine (dry and 
wet) environment up to 100 °C due to its low chlorine permeation rate [26,29].  

The presented information comes from open literature suggestions i.e. EuroChlor, 
while many new special materials by small producers (such as different ceramics and 
novel polymers) are not yet tested and present a big opportunity for application in the 
chlorine drying process. Material selection is thus a major constraint in the process 
design of chlorine drying alternatives and it is taken into account in the chapters in 
this thesis. The main conclusion is to provide sufficiently low or high water content 
(partial pressure) for corrosion resistance of the formed protective layer at a specified 
temperature. 

1.4 Intensification of chlorine processing 

The research described in this thesis is a part of the SPINCHAL project (Spinning 
disc technology for distributed Chlor-Alkali production). As the name suggests, focus 
of the project is to downscale the state of the art membrane chlorine production plant 
to 10 kton/annum capacity (approximately 1 kg/s) [4]. The downscaled Plug-and-
Produce unit is installed and remotely controlled at a consumers’ site, due to chlorine 
transportation restrictions. The aim of this thesis is to apply spinning disc technology 
for process intensification of the chlorine processing part of the chlor-alkali process. 
The target of the SPINCHAL project was to have a complete chlorine production 
unit of 0.5 m3 in volume. The relatively low production capacity opens new chlorine 
processing alternatives, potentially more economical than the conventional 
downscaled portable process. Also, transport of other chemicals, such as concentrated 
and spent sulfuric acid, is undesirable in the design of the stand-alone process.  

Chlorine processing can be performed in the rotor-stator spinning disc equipment, 
mentioned before. The initial project idea is to dry the wet gas in direct contact with 
cold brine [4]. Although hygroscopic, cold brine cannot decrease the water content to 
the required ppm level even at -21 °C [34]. Additionally, formation of the hydrate 
affects the clogging of the unit [35]. However, a bigger challenge lies in the enormous 
volumetric gas flow. For the downscaled industrial process, chlorine production of 1 
kg/s at 1 bar and 90 °C results in approximately 1 m3/s gas volume flow rate. Even at 
high heat and mass transfer rates of a spinning disc apparatus, a large volume is 
needed to obtain a sufficient residence time and thus an optimal performance. This 
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means a large number of discs are needed, increasing the capital costs (larger 
equipment) and operating costs (due to large amount of rotating internals), but also 
increasing the pressure drop on the gas phase. Since the purpose of gas drying is 
subsequent easier compression, additional pressurizing of wet chlorine gas is highly 
undesirable.  

An alternative is to produce chlorine in the electrochemical cell operating under 
higher pressure. The high pressure operation is already suggested in the literature as a 
future development of the chlor-alkali process [19]. Increase of pressure from 1 bar to 
9 bar in the electrochemical cell (at 90 °C) decreases the volumetric flow rate from 1 
to 0.05 m3/s but also the water content in the produced gas from 25 to 1 % . This 
reduces the loading on the consecutive drying step. Potentially, if the process is 
operated at 35 bar and 95 °C, liquid chlorine is produced directly in the 
electrochemical cell. At elevated pressures the electrochemical cell can be operated at 
higher temperature which leads to increased membrane conductivity and lower 
overpotential, decreasing the operating costs [36,37]. A hazardous chlorine leak into 
the environment is contained by placing the small sized production unit into a 
pressurized purged container with the ability to detect and neutralize the leak. A small 
difference in pressure between the process equipment and the container relieves the 
stress acting upon seals further reducing the possibility for leaks and minimizes the 
costs of reactor construction materials. Compared to the expensive chlorine 
compressors, brine and water/caustic pumps and liquid back pressure regulators are 
smaller and cheaper apparatus that easily pressurize the liquids entering the 
electrochemical membrane cell (Figure 1.4).  

When operating above 8.4 bar, cooling the produced gas to approximately 30 °C 
results in liquid chlorine, liquid water and uncondensed gas (Figures 1.4 and 1.5). 
There is no intrusion of air into the lines affecting the liquefaction efficiency. Also less 
incondensable gases are present due to the increased cell efficiency.  
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Figure 1.4. Process diagram of the high pressure operation. Pressure of 9 bar is chosen arbitrarily. The amount 
of water to be condensed is lower, decreasing the energy demand. Liquid chlorine contains only 300 ppm of 

water, decreasing the loading on the following drying step. 

Figure 1.4 depicts the high pressure operating principle. The three phases are 
separated based on the density difference. A small amount of uncondensed gas is 
treated (i.e. hydrogen chloride production) to remove uncondensed chlorine. The 
amount of water condensed depends on its content in the produced gas and thus on 
the electrochemical cell operating pressure and temperature. Water is re-saturated with 
salt to produce brine and it is re-used as in the current industrial process. The water 
pump only supplies the pressure drop, keeping the system at high pressure. The liquid 
chlorine is saturated with water, 300 ppm at 30 °C [38], and needs to be dried further 
to below 10 ppm. In this way the amount of water to be removed in the following 
drying step is reduced from 20 to 0.3 g/s, compared to the current industrial process. 
Also, the volume flow rate of liquid chlorine is 7.5∙10-4 m3/s for 1 kg/s, indicating that 
a significant reduction in equipment size is possible. Expensive materials such as 
tantalum (or its coatings) become economical at this scale and the sustainability of the 
equipment can be significantly increased. 
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Figure 1.5. The chlorine – water phase diagram based on Bozzo et al. and Van Haute et al. Depicted phases 
are gaseous (G) and liquid (L) chlorine, liquid (L) water and solid hydrate (H). Q represents the quadruple 

point (28.3 °C, 8.41 atm) when all 4 phases are present – liquid and gaseous chlorine, liquid water and solid 
hydrate. 

Due to the low water content of liquid chlorine, alternative drying procedures become 
possible for removing the traces of water. One option is adsorption of water on an 
appropriate material, such as molecular sieves. Molecular sieves have a large water 
capacity at low water partial pressures, leading to ppm level dryness. Design of the 
adsorption bed is well known in both research literature and industrial practice. 
Question that remains is appropriate process design taking into account desorption 
limitations – temperature (due to material selection) and purge gas treating (due to the 
chlorine presence).  

Another alternative is drying by hydrate formation. Below 28.3 °C the chlorine 
hydrate forms, as shown in the phase diagram (Figure 1.5). Although considered a 
major threat for blocking of equipment and piping in the current industrial process, 
crystallization of hydrates in spinning disc equipment is not an issue because of the 
high shear conditions. The temperature needed to obtain < 10 ppm water content is -
30 °C. Heat integration increases the efficiency of the process by using the cold dry 
chlorine to cool the wet chlorine stream. The low temperatures reduce the corrosion 
rates tremendously, enabling the use of Hastelloy C22 as a body material, significantly 
decreasing the cost of apparatus.  

Finally, drying with concentrated sulfuric acid is still an option. For removal of 300 
mg/s of water in 1 kg/s chlorine, only 1.2 g/s of 98 % acid is needed, making the acid 
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regeneration on the chlorine production site economically feasible. Spinning disc units 
are able to deliver high mass transfer rates in the asymmetric flow ratios [12]. 
Concentrated sulfuric acid could be substituted by some other hygroscopic medium, 
such as ionic liquids. However, currently ionic liquids are more expensive and 
corrosive than sulfuric acid, with more energy demanding regeneration.   

1.5 The structure of the thesis 

As mentioned in the previous paragraphs, the work described in this thesis is part of 
the SPINCHAL project focused on the chlorine processing part. First of all, 
thermodynamics of the chlorine-water system is needed to accurately describe the 
proposed drying alternatives. Chapter 2 determines the activity coefficients of water in 
chlorine that are used throughout the thesis. The liquefaction efficiency is calculated in 
Chapter 2, showing the effect of high pressure operation. Due to safety regulations, 
dichloromethane is used as a liquid for experiments since it resembles liquid chlorine. 
Thus, thermodynamics of the dichloromethane-water system is also investigated in 
Chapter 2. 

The evaluation of potential drying option follows in the subsequent chapters. Chapter 
3 reports an experimental and modeling study of the adsorption alternative for drying 
liquids in the packed bed. It gives an answer to the challenge of bed regeneration 
without dangerous emissions. Performance of the rotor-stator spinning disc 
crystallizer is evaluated in Chapter 4. Dichloromethane hydrates successfully form in 
the high shear conditions without blocking the equipment. Co-current and counter-
current drying with concentrated sulfuric acid is also investigated. Spinning disc units 
are able to deliver high mass transfer rates in the asymmetric flow ratios, as presented 
in Chapters 5 and 6. 

All alternatives are sized and compared with the downscaled current industrial process 
in Chapter 7. Additionally, pros and cons of each option including the material 
selection are summarized with the proposal of the most promising one. 

In the Conclusions chapter, the potential of this research is evaluated on the process 
intensification of other chemical engineering industries. The concepts demonstrated 
by the SPINCHAL project will be a showcase for process intensification based on the 
spinning disc technology with a wide potential for further application in multiphase 
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reactions and separation processes. The next step is introduction of the spinning disc 
technology into the changing chemical industry. 
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Chapter 2 
Thermodynamics of chlorine-water system and its 

application for the chlorine liquefaction 

2.1 Abstract 

Purification efficiency of reactants and products is defined by the thermodynamics of 
a system, influencing size and costs of separation units. The chlorine-water interaction 
characterizes the chlorine liquefaction and liquid chlorine drying process. The semi-
empirical NRTL model provides an accurate description of partly miscible systems, 
such as chlorine-water. Mutual solubility gives water and chlorine activity coefficients. 
This method is first tested using dichloromethane-water system, for which mutual 
solubility is well known and easily measurable. Results show the importance of 
temperature influence on the energy parameters, limiting the accuracy of the 
extrapolation. The energy parameters illustrate a linear dependence with temperature 
resulting in the precise representation of mutual solubility with temperature for both 
dichloromethane-water and chlorine-water systems. The obtained activity coefficients 
yield the liquefaction efficiency of gaseous chlorine produced in the electrochemical 
cell, depending on the process parameters. Also, these activity coefficients play an 
important role in the following chapters, especially for the evaluation of the proposed 
chlorine drying alternatives.  
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2.2 Introduction 

Chemical reactors represent the heart of chemical processes. Before reactants or 
solvents can be used in a reactor, they need to be purified to remove potential 
interference of impurities with the reaction. After the reactor, the separation of 
unreacted reactants, undesired and desired reaction products is needed. Separation of 
compounds is usually done by unit operations that use the difference in affinity of 
components for a specific phase (gas, liquid or solid) such as distillation, absorption, 
adsorption or extraction. The design of separation processes thus requires 
thermodynamic data and models for estimating these affinities. The model of ideal 
solutions is useful for providing a first approximation [1]. However, often these 
mixtures are highly nonideal, especially in the liquid phase. The importance of 
thermodynamics can be appreciated as often more than 50% of the cost in many 
processes is related to the separation units [2]. The scarcity of multicomponent data 
especially for hazardous components further expresses the importance of correlative 
and predictive methods [3]. 

Chlorine processing is a separation technology defined by the chlorine-water 
interactions. An accurate assessment of chlorine drying alternatives requires activity 
coefficients of water in liquid chlorine. Additionally, a chlorine liquefaction calculation 
demands precise thermodynamic system description. The activity coefficients can be 
estimated from mutual solubility values of the two liquids [4–6]. Despite its 
importance for chlorine liquefaction, experimental values for water solubility in liquid 
chlorine do not exist due to obvious difficulties (high pressure and toxicity of chlorine; 
accurate determination of a low water content). Ketelaar et al. derived the water 
solubility in chlorine based on the water solubility in carbon tetrachloride, comparing 
their solubility parameters [7]. However, the industrial practice shows a deviation from 
Ketelaar’s values. On the other hand, the solubility of chlorine in water is reported in 
literature [8–10]. Facilitating the calculation of the water solubility in chlorine is the 
existence of the chlorine hydrate [11–13].  

Here the effort is made to determine the solubility of water in chlorine using the 
solubility of chlorine in water and the solid hydrate solubility in liquid chlorine. The 
method is first evaluated on dichloromethane-water system. Dichloromethane 
(methylene chloride; DCM) solubility in water also exhibits the miscibility gap and 
forms hydrates, resembling the chlorine-water system. However, mutual DCM-water 
solubility is well known [14].  
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2.3 Theory 

Different thermodynamic models are used to correlate experimental and generated 
data by an estimation method, i.e. excess Gibbs energy models [15]. The semi-
empirical Non-Random Two Liquid (NRTL) model (Equation 2.1) [1] gives a good 
representation of a non-electrolyte system with a polar component and a miscibility 
gap – such as dichloromethane-water and chlorine-water systems investigated here [2]. 

The NRTL equation uses two adjustable parameters (τ12 and τ21) and a constant (α), 
selected according to the chemical characteristics of the components of the mixture 
(0.20-0.47, usually 0.30) [1]. The use of this constant (α) results in a useful description 
of strongly non-ideal mixtures, compared to other two-parameter models, i.e. Wilson’s 
equation [4]. The activity coefficient illustrates the deviation from ideal behavior in the 
mixture. Equations 2.6 and 2.7 represent the general NRTL model expressions for the 
activity coefficients in a binary liquid mixture. 

Equation 2.8 expresses the solubility of the solid hydrate in the liquid phase, using the 
parameters from Table 2.1 together with Equations 2.6 or 2.7 for the activity 
coefficient model [16].  

𝑔𝐸

𝑅𝑇 = 𝑥1𝑥2
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Table 2.1. Values used in Equations 2.1-2.8 for the activity coefficient calculation. 

Component Pressure, 
bar 

Hydrate formation 
enthalpy ∆Hm, J/mole 

Hydrate formation 
temperature Tm, K α12 

Dichloromethane (DCM) 1.01 51542 [17] 275.05 [18] 0.30 

Chlorine 9.00 59681 [13] 301.45 [11] 0.30 

2.4 Solubility of water in dichloromethane (DCM) 

DCM resembles liquid chlorine above the upper quadruple point (8.41 atm, 28.3 °C 
[11]; Figure 4.1), forming hydrates at 1.9 °C at atmospheric pressure [14,18]. The 
molecular size of 4.7 Å is comparable to chlorine (4.2 Å) since two bulky chlorine 
atoms determine the dimensions of DCM [19]. Thus DCM is chosen rather than 
carbon tetrachloride to test the solubility calculations as a model for liquid chlorine at 
high pressure. 

IUPAC-NIST solubility database summarizes the mutual solubility of DCM and water 
[14]. Experimental measurements from different authors were used to fit equations 
2.9 and 10 for the solubility of DCM in water (x1) and water in DCM (x2), 
respectively: 

The formation of hydrates in the DCM phase for temperatures below 1.9 °C affects 
the slope of the solubility curve (as in the derivation of Ketelaar et al. in the proposed 
solubility of hydrate in chlorine [7]). However, IUPAC-NIST presents the single 
equation (2.10) to fit both water and hydrate solubility in DCM. Experimentally 
determined values of water solubility in DCM (reported in Chapter 4) show that the 
trend in the hydrate region differs from the one proposed by Equation 2.10 (Figure 
2.1). In obtaining Equation 2.10 only 6 out of 32 measurements used are below 1.9 °C 
in the work of IUPAC-NIST, not affecting the fit significantly.  

𝑥1 = (58.838− 0.38224 ∙ 𝑇 + 6.3928 ∙ 10−4 ∙ 𝑇2)/471.57 (2.9) 

𝑥2 = 10(1.8214−1164.63/𝑇) (2.10) 
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Figure 2.1. The NRTL correlation at 25 °C fails to represent the trends of the mutual solubility data. In case 
of the DCM solubility in water, the NRTL model predicts the increase with temperature, in contrast with 

literature data. 

The NRTL model is tested for predicting the mutual DCM-water solubility. The first 
step is to investigate the temperature influence on the energy parameters ∆g12 
(describing water-DCM interactions) and ∆g21 (describing DCM-water interactions) 
and thus the solubility correlation. Literature suggests that the energy parameters are 
not affected by the temperature for a narrow range [16]. If temperature does not play 
a significant role, the mutual solubility of chlorine-water values at a single temperature 
could be easily extrapolated. Constant α12 is suggested as 0.3 for water mixtures with a 
polar, non-dissociated component, and is considered temperature independent [1].  

The NRTL energy parameters are evaluated using the values for water solubility in 
DCM and DCM in water at 25 °C (evaluation points in Figure 2.1) – ∆g12 equals 
11310 J/mole while ∆g21 is 9625 J/mole. The calculated solubility of the NRTL model 
at 25 °C is within 4.1 % error from the IUPAC-NIST values, however the accuracy is 
not satisfactory for temperatures further from the evaluation point. The solubility of 
DCM in water demonstrates an increase in water solubility with decreasing 
temperature, showing that the temperature effect has to be included.  

Figure 2.2 depicts the influence of temperature on the energy parameters of the 
NRTL model. In case of a non- symmetric system like here where τ12 ≠ τ21, ∆g12 and 
∆g21 show linear dependence with temperature, as reported in literature [1]. Linear fit 
of energy parameters at 8 different temperatures in the range between 0 °C and 35 °C 
(evaluation points in Figure 2.2) gives the more accurate correlation of the mutual 
solubility by the NRTL model. The DCM solubility in water follows the trend of 
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IUPAC-NIST values with a lower error of maximum 7.9 %. The calculated water 
solubility in DCM also represents the hydrate solubility which is outside of the 
temperature range used for evaluation of energy parameters. However, the 
experimental results of hydrate solubility in DCM exhibit the different slope.  

Figure 2.2.The influence of temperature on the NRTL energy parameters and thus the correlation of the mutual 
solubility. The energy parameters show a linear temperature influence. Including the temperature effect on the 

energy parameters gives an accurate fit of the mutual solubility. 

Figure 2.3 presents an accurate fit of the experimental solubility of water in the 
hydrate region, using Equation 2.8 together with the NRTL equation (temperature 
dependant energy parameters). This results in a different slope of the energy 
parameter describing the water-DCM interaction, ∆g21, as shown in Figure 2.3. With 
these values, the model is extrapolated above 1.9 °C yielding a representation of the 
liquid-liquid solubility of water in DCM within 7.0 % error. The solubility of DCM in 
water is the same as in Figure 2.2. This means that changing ∆g21 for better 
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representation of water solubility in DCM does not affect the solubility of DCM in 
water, and vice versa (for ∆g12). The reason is that low solubility does not change the 
activity of the solvent which is present in high concentration. Figure 2.4 depicts the 
solubility activity coefficients at different temperatures, calculated using the values 
from Figure 2.3. 

 

Figure 2.3. Description of the mutual solubility using the NRTL model. The temperature dependent energy 
parameter for the water-DCM interaction is obtained in the hydrate region for the water solubility in DCM. 

 

Figure 2.4. The activity coefficients for the DCM-water system. In the hydrate region, the activity of water in 
DCM shows high non-ideality. The activity of DCM in water increases with temperature. 

Prediction of water solubility in DCM from the DCM solubility in water is attempted. 
Taking the DCM solubility in water at the hydrate formation temperature (0.4482 
mole % according to equation 2.9), ∆g12 and ∆g21 are determined for the NRTL model 
(for both DCM and water). From these values (∆g12 = 10710 J/mole; ∆g21 = 15410 
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J/mole), the predicted solubility of water in DCM is 112 ppm which is 7.3 times lower 
than the value from equation 2.10 (820 ppm). Comparing the values for ∆g12, which 
determines the DCM solubility in water, it gives 5 % error compared to the value 
from Figure 2.2 (10175 J/mole). On the other hand, ∆g21 is 48 % higher than the value 
from Figure 2.3 (10380 J/mole). A low solubility of water does not significantly affect 
the activity of DCM which is present in high concentration leading to a large error in 
the estimation of the energy parameter. Thus the water solubility in DCM cannot be 
accurately predicted using the solubility of DCM in water at a certain temperature but 
gives a fair estimation when no experimental data is available. 

2.5 Solubility of water in chlorine 

The pressure for the chlorine-water system calculations is 9 bar. Adams et al. combine 
experimental measurements of different authors of chlorine solubility in water at 
different temperatures (up to 100 °C) and pressures (up to 6.7 bar) [8]. Linear 
extrapolation gives the solubility of chlorine in water at 9 bar used in the calculations 
here.     

Prediction of water (1) solubility in liquid chlorine (2) is performed analogously as the 
prediction of water solubility in DCM due to questioned values in literature. From the 
solubility of chlorine in water at the hydrate formation temperature 28.3 °C, ∆g12 
(10158 J/mole) and ∆g21 (14618 J/mole) are determined. Thus, the predicted water 
solubility in chlorine is 490 ppm. This value is 1.7 times higher than Ketelaar’s 
solubility (280 ppm), which is an adequate estimation [7]. However, water-DCM 
calculations demonstrate the inaccuracy of this method, meaning that the value for 
water solubility in chlorine is unreliable and thus the values of the activity coefficients 
as well.   
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Figure 2.5. The prediction of mutual chlorine-water solubility using the NRTL with energy parameters 
estimated at 28.3 °C. The temperature effect has to be taken into account in order to accurately represent the 

trend of the solubility of chlorine in water. 

Since the prediction is not accurate, Ketelaar’s values for the water solubility in 
chlorine, together with the extrapolated values of the chlorine solubility in water 
determine the activity coefficients. The energy parameters are estimated at 28.3 °C – 
∆g12 = 10160 J/mole and ∆g21 = 12880 J/mole. Figure 2.5 shows that constant energy 
parameters yield increasing mutual solubility with temperature, which is not the case 
for chlorine solubility in water. Using the water solubility of 280 ppm in chlorine leads 
to 12 % decrease of ∆g21 compared to the previously predicted value. The energy 
parameters taking into account the effect of temperature yield the correlation of the 
chlorine solubility in water with 8 % error (Figure 2.6). The best correlation of 
Ketelaar’s values (within 5 % error) over the whole range of temperatures is obtained 
by obtaining the NRTL energy parameters in the hydrate region. The activity 
coefficients calculated with these parameters are given in Figure 2.7. 

 

[7] 

[8] 

____________________________________________Solubility of water in chlorine

27



 

Figure 2.6. Correlation of NRTL parameters at different temperatures in a hydrate region for water solubility 
in chlorine. For chlorine solubility in water, above 28.3 °C temperatures were used to obtained a proper fit. 

 

Figure 2.7. The activity coefficients obtained from the temperature dependant NRTL model. The activity of 
water in chlorine demonstrates highly non-ideal behavior. The activity of chlorine in water is significantly lower, 

due to a higher solubility. 

2.6 Liquefaction efficiency 

The example of the use of the chlorine-water thermodynamics is the calculation of the 
liquefaction efficiency. In the current industrial process, a dry chlorine gas is liquefied 
at higher pressure. As mentioned in the Introduction Chapter, the amount of 
incondensable gases affects the chlorine liquefaction. Inefficiency of an 
electrochemical cell causes presence of incondensable gases, primarily oxygen. Thus 

[7] 

[8] 
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oxygen represents incondensable gases, neglecting its solubility in water and liquid 
chlorine. Figure 2.8 depicts phases present at 30 °C and a pressure above 9 bar – 
liquid chlorine, water and vapor. Fugacity of a component across all three phases is at 
equilibrium (Equation 2.11). Solving equations 2.11 through 2.14 using activity models 
gives the liquefaction efficiency (Figure 2.9).  

 

Figure 2.8. Depiction of phases present during the liquefaction step. Fugacity of components (chlorine, water and 
oxygen) is equal in all three phases present – liquid chlorine, water and vapor. 

Current electrochemical cells produce around 2 vol. % of oxygen [10]. In industrial 
liquefaction process, the pressure depends from plant to plant, but is usually around 
13 bar, yielding 92 % of moles of chlorine condensed from Figure 2.9. Operation at 
higher pressure eliminates the potential air intrusion in the chlorine lines, reducing the 
potential oxygen content. 1 vol. % reduction in oxygen content results in 4 % higher 
liquefaction efficiency at 13 bar (96 %). The SPINCHAL project also develops a 
spinning disc electrolyzer, improving its performance [20,21]. This leads to higher cell 
efficiency producing less than 1 vol. % of incondensable gases, condensing 98 % of 
chlorine in case of 0.1 vol. % already at 9 bar pressure.  Figure 2.9 shows however, 
that the vapor composition is 88.6 % chlorine, 10.9 % oxygen and 0.5 % water vapor. 
Uncondensed chlorine is neutralized to produce bleach in the current process [10].  

Per compound: 𝑓𝑖𝐿1 = 𝑓𝑖𝐿2 = 𝑓𝑖𝑉;  𝑖 = 𝑤𝑎𝑡𝑒𝑟,𝐶𝑙2,𝑂2 (2.11) 

Chlorine: (𝑥𝛾𝑝𝑠𝑎𝑡)𝐿1 = (𝑥𝛾𝑝𝑠𝑎𝑡)𝐿2 = (𝑦𝑝𝑡𝑜𝑡𝑎𝑙)𝑉  (2.12) 

Water: (𝑥𝛾𝑝𝑠𝑎𝑡)𝐿1 = (𝑥𝛾𝑝𝑠𝑎𝑡)𝐿2 = (𝑦𝑝𝑡𝑜𝑡𝑎𝑙)𝑉  (2.13) 

Oxygen: 𝑦𝑂2 + 𝑦𝐶𝑙2 + 𝑦𝑤𝑎𝑡𝑒𝑟 = 1  (2.14) 
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Figure 2.9. The liquefaction efficiency and the composition of the uncondensed vapor as a function of liquefaction 
pressure. With lower content of incondensable gases, more chlorine is liquefied at lower pressures. However, the 

vapor phase contains predominantly chlorine at lower pressures. 

2.7 Conclusions 

The NRTL model accurately represents the mutual solubility of the DCM-water and 
the chlorine-water systems. Both systems have a large miscibility gap, resulting in a 
high non-ideality. The calculated activity coefficients increase with the decrease of 
temperature due to the water solubility decrease. Using the thermodynamics accurate 
description of the system is possible, while prediction is not – i.e. solubility without at 
least two experimental values to account for the temperature effect. The presented 
activity coefficients are significant for accurate calculation of different process 
parameters, as demonstrated on the example of the liquefaction efficiency. Also, these 
activity coefficients are used in the following chapters to accurately define the 
separation technologies and their efficiency. 

2.8 Nomenclature 

Latin symbols 

fi component i fugacity, i = chlorine, oxygen, water, Pa 

gE excess free Gibbs energy, J/mole 

gi interaction energy parameter, J/mole 
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G the NRTL model parameter, - 

∆Hm melting enthalpy, J/mole 

p pressure, Pa 

R universal gas constant, J/mole/K 

T temperature, K 

x liquid phase mole fraction, - 

y vapor phase mole fraction, - 

Greek symbols 

α non-randomness parameter, - 

γ activity coefficient, -  

τ dimentionless interaction parameters, - 
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Chapter 3 
Adsorptive water removal from dichloromethane and 

vapor phase regeneration of a molecular sieve 3A 
packed bed 

3.1 Abstract 

The drying of dichloromethane with a molecular sieve 3A packed bed process is 
modeled and experimentally verified. In the process, the dichloromethane is dried in 
the liquid phase and the adsorbent is regenerated by water desorption with dried 
dichloromethane product in the vapor phase. Adsorption equilibrium experiments 
show that dichloromethane does not compete with water adsorption due to size 
exclusion; the pure water vapor isotherm from literature provides an accurate 
representation of the experiments. The breakthrough curves are adequately described 
by a mathematical model that includes external mass transfer, pore diffusion, and 
surface diffusion. During the desorption step, the main heat transfer mechanism is the 
condensation of the superheated dichloromethane vapor. The regeneration time is 
shortened significantly by external bed heating. Cyclic steady state experiments 
demonstrate the feasibility of this novel drying process. 
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3.2 Introduction 

Removal of impurities from chemicals and solvents is often crucial for selective 
production of pharmaceuticals. Dichloromethane (methylene chloride; DCM) is one of 
the most widely used chlorinated solvents, because of its ability to dissolve many 
organic compounds and its low boiling temperature [1]. For specialty pharmaceuticals, 
DCM should be exceedingly pure and have low water content. Annual world 
production is more than 500 000 tons of dichloromethane, predominantly produced by 
the Hoechst and Stauffer processes [1], which contains water as an impurity. 
Adsorption is one of the possible methods for obtaining ultra-pure solvents [2]. Due to 
their high hygroscopicity, molecular sieves already demonstrated their adsorption 
capability for the drying of ethanol [3,4], higher alcohols [5,6] and esters [7,8], toluene 
[9], other hydrocarbons [10] and solvents [11]. General conclusion is that hydrophobic 
solvents are easier to dry [2,11]. For water removal from solvents that cannot penetrate 
the micropores of the zeolite, the adsorption equilibrium is the same as the pure water 
vapor isotherm [2]. In that case, the water vapor isotherm gives liquid phase 
concentrations using different activity coefficient models. For a partially miscible 
system, such as water-DCM, the so-called NRTL model gives good predictions [12].  

Packed beds of various sizes have been widely used in the industry for adsorptive 
drying [13]. Mathematical models are used to predict the size and operating times for a 
molecular sieve packed bed. In addition to adequate thermodynamic models that 
describe the equilibrium, external and intraparticle mass transfer are important for the 
accurate prediction of breakthrough curves. External mass transfer can play a 
significant role in the total mass transfer resistance in the liquid phase [2]. However, 
information on the packed bed liquid phase adsorption is scarce in comparison to the 
literature on gas drying.  

Regeneration of the bed is an essential and energy intensive step of adsorption 
processes. Regeneration of the adsorbent capacity is achieved by shifting the 
equilibrium to initiate desorption. Adsorption equilibrium can be affected by decreasing 
the pressure (pressure swing adsorption), increasing the temperature (temperature 
swing adsorption), purging (usually with inert gas), changing the solvent (solvent swing 
adsorption), or a combination of these [13]. Pressure swing and purging method rely on 
a decrease of the partial pressure as the driving force for desorption. Although a few 
studies are present in the literature, the most commonly temperature swing adsorption 
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with inert gas purge is applied [14–16]. Purge gas regeneration of a DCM adsorptive 
drier would lead to an emission of DCM, that would be present in the bed (macropores 
and static holdup) after the adsorption cycle. Emissions of DCM are strictly regulated 
due to its toxicity, health and green house effects [17]. However, emissions can be 
minimized if the dried DCM is used as vapor in the regeneration cycle. Superheated 
DCM vapor heats up the bed and desorbs water. After cooling, condensed water and 
liquid DCM are separated based on the density difference. DCM used in desorption is 
dried again, minimizing emissions in that way.  

This chapter investigates the efficiency of the bed regeneration with a superheated 
DCM stream. First, the adsorption thermodynamics of water in DCM on molecular 
sieves 3A at different temperatures are determined and compared to pure water vapor 
isotherms from literature [18,19].  The liquid phase packed bed adsorption 
breakthrough curves are measured at different mass flows of DCM. The experiments 
are compared to a mathematical adsorption-desorption model. The model is used to 
assess the effect of the different mass transfer resistances. Consecutively, the saturated 
bed regeneration experiments with superheated DCM vapor are compared to the 
adsorption-desorption model. Cyclic steady state experiments are performed to 
estimate the efficiency of the process. 

3.3 Model 

Mass and energy balances 

A mathematical model is developed to analyze and simulate mass and heat transfer 
resistances in a packed bed during various adsorption and desorption cycles. Figure 3.1 
depicts the schematic representation of the model. The model is based on non-
equilibrium, non-isothermal and non-adiabatic conditions. The following assumptions 
were made to simplify the system of equations:  

• fluid plug flow with axial dispersion,  
• constant pressure (i.e. negligible pressure drop),  
• constant fluid velocity (during adsorption),  
• single adsorbate system,  
• negligible radial temperature, concentration and velocity profiles,  
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• negligible axial conduction by the column wall,  
• ideal gas law applies for vapor phase,  
• temperature dependent general statistical thermodynamic approach (GSTA) 

model [19] representation of equilibrium isotherm,  
• uniform spherical particles, 2 mm in diameter,  
• heat transfer to and through the column wall and to the environment was 

estimated using an overall heat transfer coefficient,  
• external and internal (macropore and surface diffusion) mass transfer 

resistances were considered. 

 

 

Figure 3.1. Schematic depiction of the molecular sieve packed bed adsorption system. Different length scales are 
presented accounting for external mass transfer, macropore diffusion and surface diffusion in micropores. 

With these considerations, the following model equations were derived. The plug flow 
with axial dispersion model [15,16,20,21] was adopted to represent the concentration 
profile for the fluid flowing through the packed bed: 
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The Danckwerts boundary conditions read: 
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The initial conditions are: 

0fC =     (adsorption) (3.4) 

0fC C=    (desorption) (3.5) 

Conduction and convection are the major means of heat transport, with a heat  loss to 
the surroundings through the column wall. 

The differential equation representing all these factors reads as follows: 
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with the Danckwerts boundary conditions: 
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and the initial conditions: 

f ambT T=    (adsorption) (3.9) 

f ambT T=    (desorption) (3.10) 

where Uw is the overall heat transfer coefficient defined as: 
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(3.11) 

Tamb is 22 °C, as reported in the experimental section, and hair is a fitting parameter.  

For the solid phase, a pseudo first-order equation [22] was used to describe the 
adsorption kinetics, where the equilibrium loading was determined using the GSTA 
model. Together with macropore and surface diffusion (of the adsorbed water) 
resistances, the particle mass balance differential equation reads: 
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with the Danckwerts boundary conditions: 

( ) p
fs f p p pore

C
k C C D

r
∂

− = ε
∂ ;     at r = R 

(3.13) 

0pC
r

∂
=

∂ ;     at r = 0 
(3.14) 

and the initial conditions: 

0pC =     (adsorption) (3.15) 

0pC C=    (desorption) (3.16) 

Heat generated or supplied during the process is transferred across the particle by 
conduction and is represented by the enthalpy balance for the particle: 
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and the initial conditions: 

p ambT T=   (adsorption) (3.20) 

p ambT T=   (desorption) (3.21) 

The loading in the adsorbed phase is represented by the following equation: 

( )ads p
q k f C q
t

∂  = − ∂  
(3.22) 

with the initial conditions: 

0q =        (adsorption)  

0.228q =    (desorption) 

(3.23) 

(3.24) 

where f(Cp) is the equilibrium loading calculated according to the GSTA model [19] for 
a fluid phase concentration Cp. Initial loading value for the particle was taken for 
saturated conditions from the GSTA model. 

Modeling of the vapor-liquid flow 

Experimental observations show that dichloromethane condensation occurred during 
the regeneration step resulting in two phase flow. The energy supplied by the 
superheated vapor phase heats up the particles and triggers desorption. In order to 
account for the vapor-liquid mixture in the bed, a no-slip condition between the two 
phases was assumed. Also, at the start of the desorption cycle, the macropores 
contained liquid DCM. The residual volume fraction of the bed occupied by the static 
holdup (εL0) was determined to be 0.046, by the correlation of Saez and Carbonell [23], 
using the Eötvös number (equations 3.25 and 3.26).  
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Thus, the liquid properties were used to define the initial conditions and the liquid film 
is assumed to be limiting the desorption when the bed was at boiling temperature. 

In the model, the temperature is calculated from the enthalpy of the total flow. The 
advantage of this is that with the latent heat of evaporation of dichloromethane taken 
into account the fraction of vapor phase can be calculated. 

The phase change is incorporated in the model based on the enthalpy and vapor 
fraction of the flow as described below: 

(1F f V f Lv vφ φ φ= + − )  (3.27) 

where fv  is the vapor fraction of the fluid, described as: 
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−

=
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(3.28) 

where bp
LH  is the enthalpy of pure liquid at the boiling point. 

The axial dispersion and the mass transfer coefficient are defined in a similar manner. 

The effective heat transfer coefficient for nodes which contain a vapor-liquid mixture is 
described taking into account the gas-liquid film heat transfer coefficient and the liquid-
solid heat transfer coefficient, as shown in equation 29: 

1 1 1

overall GL LSh h h
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(3.29) 

Estimation of model parameters 

The parameters in equations 1-28 were all estimated using the following correlations, 
except for the surface diffusion coefficient. The latter is fitted to the experimental data 
since there appears to be no appropriate predictive correlation in literature. 

The axial dispersion coefficient is estimated with the help of Wakao’s correlation [24]: 
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(3.30) 

The fluid phase axial thermal conductivity is estimated by the correlation given by 
Dixon [25]: 
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External heat and mass transfer coefficients are determined for both liquid and vapor 
flow using the correlations of Wakao [26,27], which are valid for the Reynolds numbers 
used in this study: 
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1/3 0.62.0 1.1 ReSh Sc= +  (3.35) 

1/3 0.62.0 1.1Pr ReNu = +  (3.36) 

The fluid and solid properties are summarized in Table 3.1. 

The value of the wall heat transfer coefficient is estimated using the correlation of 
Dixon [25]: 

1/3 0.80.2Pr RewNu =  (3.37) 

Discretization scheme 

The partial differential equations are transformed into a set of ordinary differential 
equations (ODEs) using the central differencing scheme. The packed bed is discretized 
into 25 nodes in the axial direction. The molecular sieve particles are discretized into 5 
nodes in the radial direction and are modeled for every node in the axial direction. 
Increasing the discretization scheme in the radial direction did not influence the 
modeling results. The set of ODEs is then solved using the ode15s solver in 
MATLAB®. 
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Fitting procedure 

The adsorption breakthrough curve model was fitted to the experimental results using 
the surface diffusion coefficient (Ds) as a fitting parameter. All other parameters were 
estimated from the equations above. For each flow rate (experimental run), the surface 
diffusion coefficient was fitted to obtain the lowest error between experimental and 
model values resulting in a best fit Ds value per flow rate. Since all experiments were 
performed at the same temperature, the same Ds value should be obtained. Taking an 
arithmetic mean of the best fit Ds values per flow rate yields an average Ds value (for all 
flow rates). Each experimental run was performed at least 2 times. Experimental points 
per flow rate used to obtain surface diffusion coefficient value were at least 11.  

Varying the value of the surface diffusion coefficient in the model to fit desorption 
breakthrough curves could not yield an accurate fit, especially of the temperature 
profiles. The only heat transfer parameter not estimated via correlations was the heat 
transfer from the column wall to the environment (hair). An average value of 1.4 
kW/m2K for hair provided the accurate description of the temperature profiles for all 
flow rates. The average surface diffusion coefficient fitted to the adsorption 
breakthrough experiments was corrected for the temperature influence and used in the 
desorption model (Ds1/Ds2 = (T1/T2)3/2).  

3.4 Experimental section 

Adsorption isotherm measurements 

Isotherms for water adsorption from saturated dichloromethane (VWR, the 
Netherlands) onto molecular sieve 3A beads, 2 mm diameter (Sigma Aldrich), were 
measured at 25 °C and 40 °C. Molecular sieves were dried in an oven at 200 °C for 48 
h. Adsorbent was then cooled down to room temperature in a glove box (MBraun MB 
200B) kept in a dry nitrogen atmosphere ( < 0.3 ppm of water). Between 0.02 and 0.50 
g of dry adsorbent was weighed and transferred into 60 mL vials capped with PTFE 
septum caps. 60 g of DCM saturated with demineralized water (Veolia Water Elga 
Purelab S7, 0.1 μS∙cm-1) was injected into the same vials through the septum. Dry DCM 
sample was prepared in the same manner to detect potential contamination of samples 
with water. Prepared samples were then placed inside a shaker (IKA) at 100 rpm at a 
pre-set temperature. Samples were taken at fixed time intervals with 2 mL syringes 
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through the septum, to avoid water adsorption from air. The water content was 
measured with a coulometric Karl-Fischer titrator (Metrohm Applikon Coulometer 
KFT 899). The equilibrium between the adsorbent and the liquid was reached within 
two days. The average mass loss of DCM was less than 1 w/w %.  

Adsorption and desorption breakthrough curve measurements 

A borosilicate glass column with a diameter of 31 mm and a height of 800 mm was 
designed according to the criteria provided in literature [28] so that the wall effects 
(equation 38) and axial dispersion (equation 39) are minimized.  
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(3.38) 

20
c
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D

>
 

(3.39) 

On the top and at the bottom of the column, 50 mm was filled with glass beads of 8 
mm diameter to act as a uniform flow distributor, while the mid-section was packed 
with 385 g of dry molecular sieve 3A. The column was completely insulated. 
Temperature (Metatemp Pt100 class A) and pressure sensors (Huba control type 520) 
were installed on the top and the bottom of the column.  

During adsorption breakthrough experiments, the bed was operated upwards, while the 
desorption of the bed was performed from the top to the bottom (Figure 3.2). DCM 
saturated with water (approximately 1700 weight ppm) was pumped using a gear pump 
(Tuthill D-series) regulated with a Coriflow mass flow controller (Bronkhorst M50). 
The bed and fluid properties are summarized in Table 3.1. For adsorption breakthrough 
experiments, samples were collected at the top of the column and analyzed by Karl-
Fischer titration. Dried DCM exiting the column was re-saturated in the feed vessel by 
passing through a stirred water layer on top of the saturated DCM bottom layer. 
Measurement of the water concentration in the feed vessels proved that saturation was 
always more than 91 % at all mass flows. The volume of the vessels was 12.5 liters. All 
adsorption experiments were performed at 22±2 °C. 
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Table 3.1. Packed bed and fluid properties [1,11,13,17]. 

Physical properties 
DCM Molecular 

sieves Liquid, 22 °C Vapor, 40 °C Vapor, 100 °C 

Density, kg/m3 1325 3.41 2.93 1100 

Viscosity, Pa∙s 4.37∙10-4 1.0∙10-5 1.3∙10-5 - 

Heat capacity, kJ/kg∙K 1.156 0.678 0.616 0.925 

Thermal conductivity,  
W/m∙K 0.1392 9.40∙10-3 1.15∙10-2 0.355 

 

When the bed was completely saturated with water, the flow direction was changed 
from the dry DCM vessel (200 ppm water content) through the evaporator (aDrop 
DV1c). The evaporated DCM was superheated to 100 °C by a heating cable 
(Thermocoax Isopad) around an insulated tubing. The vapor entered the column from 
the top, replacing the liquid present after the adsorption step. In this manner, heated up 
DCM vapor triggered desorption and water evaporation. Simultaneously, due to the 
low initial bed temperature (22 °C), the vapor would partially condense and trickle 
down the bed. The bed was drained of liquid within 3 minutes, which is negligible in 
comparison to the total duration of the desorption experiments (up to 5 hours). To 
improve the desorption step, also experiments were performed using heating cables for 
external heating of the bed. The outlet of the column was connected to a glass heat 
exchanger cooled with an ethylene glycol/water mixture using a cooling unit (Huber 
Ministat 230cc). The water content of the condensate was determined by two methods. 

The condensate exiting the heat exchanger was collected for analysis. Due to the low 
solubility of DCM in water, two liquid phases were observed – water and DCM. 
Ethanol (VWR, the Netherlands) was added to the samples to dissolve both phases so 
that the water content could be measured by the Karl-Fischer titrator. By measuring the 
water content of ethanol and of the dissolved sample, the water content in the samples 
was calculated using a simple mass balance. 

The second method of measuring the amount of desorbed water considers is using a 
“closed” graduated cylinder installed after the condenser. The rise in water liquid level 
was noted in certain time intervals. At the cylinder outlet, the DCM water content was 
measured. Both methods provided similar results with the second method having a 
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better reproducibility due to averaging over a longer time period. Because of the 
inherent discreteness of the two-phase flow of the liquids, the variation of the water 
fraction was quite high for small sampling volumes.  

After desorption, the bed was purged with nitrogen overnight before the following 
adsorption experiment. 
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Figure 3.2. Schematic representation of the experimental apparatus. Adsorption breakthrough experiments were 
performed upwards through the column, while desorption was from top to bottom. LI – level indicator; FC – 

mass flow controller; PI – pressure indicator; TI – temperature indicator; TC – temperature controller 
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3.5 Results and discussion 

Adsorption isotherm results 

Experimental adsorption equilibrium data are presented in Figure 3.3 at 25 °C and 40 
°C, along with pure water vapor isotherms from the literature [18,19]. Measured values 
are slightly lower than the literature data for a pure 3A zeolite, in particular at water 
concentrations below 400 ppm. A possible explanation is the presence of a binder in 
the molecular sieve particles. The binding material, usually clay, has larger pores and a 
negligible water capacity [29]. Difference between gas (literature) and liquid (measured) 
adsorption isotherm data can result from potential errors in the estimation of the 
activity coefficients in the liquid. A modified NRTL model [30] is used to recalculate 
the liquid phase concentrations into water partial pressures. The calculated activity 
coefficients predict the mutual solubility concentrations of 1.7 w/w % (DCM in water) 
and 0.18 w/w % (water in DCM) within 14 % error.  

a)  b) 

 

 

 
Figure 3.3. Water adsorption isotherms from DCM on zeolite 3A at a) 25°C and b) 40°C. Experimental 

data are in agreement with literature values [18,19]. 

From the agreement of the experimental and literature adsorption isotherm data it can 
be concluded that DCM does not affect the adsorption of water on the molecular 
sieves 3A. The molecule of DCM (kinetic diameter 3.3 Å [31]; Lenard-Jones molecular 
diameter 4.7 Å [32]) is too large to enter the 3 Å micropores of the zeolite. These 
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results are in accordance with the findings of adsorptive drying of higher alcohols ( > 
C4) and esters [7,8]. According to Basmadjian [2], if solvent molecules cannot penetrate 
the pores of the molecular sieves, the water adsorption isotherm is independent of the 
solvent and is the same as a pure water vapor isotherm.  

An increase in temperature from 25 °C to 40 °C (Figure 3.3) results in a decrease of 4 
% in the molecular sieve maximum capacity, while the curve maintains the same shape. 
In general, the temperature influence on the molecular sieve capacity is small, which is 
the reason why manufacturers recommend regeneration temperatures around 300 °C 
[18]. 

Simple adsorption isotherm models (e.g. Langmuir, Sips, Toth, Dubinin-Astakhov) 
cannot accurately predict the measured adsorption isotherms of water vapor in 
molecular sieve 3A due to the complex crystal structure of zeolites. Zeolite crystals 
consist of beta-cages and supercages. The beta-cages are first occupied with water 
molecules, the supercages subsequently. Water adsorbs to a variety of locations in both 
beta- and supercages and in different energy levels [33]. The General Statistical 
Thermodynamic Approach model (GSTA model) [19] analyzes the binding sequence in 
the zeolite and gives the best representation of water vapor isotherms at different 
temperatures, thus it is used in the packed bed model presented here. 

Adsorption breakthrough curves 

Adsorption breakthrough curves were measured at five different mass flows, with all 
experimental conditions summarized in Table 3.2. A characteristic breakthrough result 
is presented in Figure 3.4 for a mass flow of 4 g/s. Since adsorption is an exothermic 
process, the fluid temperature increases across the bed. After the initial increase, the 
temperature difference reaches a plateau at 2.5 °C. At this point, all of the water is 
adsorbed and the bed material has heated up to this adiabatic temperature rise. After 56 
minutes, the bed becomes saturated, the exit concentration rises and the temperature 
decreases. 

The model is able to describe the temperature rise across the bed within 2 % error 
(Figure 3.4). The calculated enthalpy of adsorption is 2 times lower than the maximum 
value of 4188 kJ/kg, reported by the manufacturer of the molecular sieves [18]. The 
adsorption enthalpy changes with surface loading, but it is a constant value in the model 
[19]. The temperature increase in the liquid phase is too small to have any influence on 
the concentration breakthrough curve, especially on the adsorption equilibrium. 

__________________________________________________Results and discussion

47



Comparing the two models (with and without energy balance), the temperature 
influence on the concentration profile is less than 1 % (Figure 3.4). The simulation time 
of the model with temperature dependence was 10 times longer than of the isothermal 
model (around 1.5 min), because of the addition and coupling of the energy balance 
with the mass balance. Numerous runs have been performed to obtain the best fit, as 
described previously. Therefore, the temperature influence is neglected in fitting the 
other mass flow data (Figure 3.5) by solving only the mass balance and decoupling the 
energy balance from the model.  

Table 3.2. Experimental conditions for adsorption, desorption and cyclic steady state runs. 

run �̇�, 
g/s 

�̇�, 
mL/s 

uf, 
m/s Re kLS, 

m3/m2s 
Dpore e, 
m2/s Dsf, m2/s Cin, 

ppm 
Tinlet, 
°C 

1a 2 1.52 0.002 13.5 0.91∙10-4 1.4∙10-9 4.5∙10-12 1550 20.8 

2 a 3 2.27 0.003 20.2 1.09∙10-4 1.4∙10-9 4.8∙10-12 1680 21.4 

3 a 4 3.03 0.004 27.0 1.24∙10-4 1.4∙10-9 4.9∙10-12 1640 21.8 

4 a 5 3.79 0.005 33.7 1.38∙10-4 1.4∙10-9 7.1∙10-12 1700 21.5 

5 a 7 5.30 0.007 47.2 1.62∙10-4 1.4∙10-9 2.2∙10-12 1750 22.0 

6 b 0.55 196.43 0.260 138 0.1129 2.0∙10-5 5.0∙10-7 200 100 

7 b 0.65 232.14 0.307 164 0.1233 2.0∙10-5 5.0∙10-7 200 100 

8 b 0.75 267.86 0.355 214 0.1331 2.0∙10-5 5.0∙10-7 200 100 

9 b 0.85 303.57 0.402 239 0.1424 2.0∙10-5 5.0∙10-7 200 100 

10 b 0.95 339.29 0.449 265 0.1512 2.0∙10-5 5.0∙10-7 200 100 

11 c 0.95 339.29 0.449 265 0.1512 2.0∙10-5 5.0∙10-7 200 100 

12 d 3-
0.95 

2.27-
339.29 

0.003
-

0.449 

20.2
-265 

1.24∙10-4-
0.1512 

1.4∙10-9-
2.0∙10-5 

4.8∙10-12-
5.0∙10-7 

1700
-200 

22-
100 

a adsorption 
b desorption 
c desorption with external heating 
d cyclic steady state with external heating 

e taken from Basmadjian et al. [2]  
f best fit 
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Figure 3.4. A typical adsorption breakthrough experimental run (run 3 – 4 g/s). The mathematical model 
accurately describes the concentration profile and temperature rise in liquid DCM due to adsorption.  

 

Figure 3.5. The influence of mass flow on the 
adsorption breakthrough curve. Different values of the 

surface diffusion coefficient give the best fit of the 
experimental data (solid lines), while the average value 

provides satisfactory results (dashed lines). 

Figure 3.6. The model accuracy for the best fit values 
of the surface diffusion coefficient. Calculated values are 

within 15 % of the measured breakthrough curves. 

An increase in the mass flow results in a rapid decrease in the breakthrough time, due 
to a faster saturation of the bed (Figure 3.5). Higher mass flows improve the external 
mass transfer which influences the initial part of the curve. Complete saturation of the 
bed takes a relatively long time (more than 10 hours for a mass flow of 2 g/s) since the 

Fitted concentration 

Fitted concentration 

Fitted temperature 
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breakthrough curves have a low slope at a higher loading. The packed bed water 
content is high at this point so the internal mass transfer dictates the overall process. 
The model underpredicts this part of the curve. The surface diffusion is a function of 
the water concentration and increases with water loading. The surface diffusion 
coefficient is used to fit the adsorption breakthrough curves to the temperature 
independent model, in the absence of predictive correlations in the literature (Figure 
3.5). Individual values of the surface diffusion coefficient provide the best fit for the 
investigated mass flows, possibly because errors in other estimated parameters are 
lump-summed in the surface diffusion coefficient as the only fitting parameter. 
Additionally, the surface diffusion is likely to be a function of the surface concentration 
[9,10], which is not considered here. This can be the reason for the overestimation of 
the adsorption at high loading conditions. At high surface loadings the adsorption 
enthalpy decreases which increases the mobility of the adsorbed molecules [6]. The 
value of the surface diffusion coefficient lies in the range of 10-12 - 10-11 m2/s, which 
corresponds well to values reported in literature for water molecules [6,13]. The 
mathematical model describes the breakthrough time (when Cout/Cin = 0.10) for all mass 
flows within 7 % accuracy. All calculated data are within 15 % of the measured 
concentration values (Figure 3.6). Figure 3.7 shows that the bed is utilized more at low 
mass flow as more DCM is processed before the breakthrough occurs (20 kg at 2 g/s in 
comparison to 11 kg at 5 g/s). Carton et al. [4] also found that a decrease in the flow 
rate of liquid ethanol steeply increases the utilization of their 3A molecular sieve packed 
bed.  

Sensitivity analysis of the model demonstrates that the surface diffusion has the largest 
impact on the shape of the breakthrough curve. The effects can be seen in Figure 3.5 – 
even a small change of Ds from the best fit to the average fitted value decreases the 
model accuracy. For adsorptive drying of toluene with 4A molecular sieves, surface 
diffusion was also found to be the rate limiting step [9]. The surface diffusion 
coefficient is the most dominant at higher surface loadings, so the influence is larger at 
a higher bed loading. Macropore diffusion also significantly contributes to the 
breakthrough curve shape (Figure 3.8). The value for the macropore diffusion 
coefficient (1.4∙10-9 m2/s) is taken from Basmadjian [2] and agrees with values obtained 
by other authors for water macropore diffusion in molecular sieves [9,10,21]. The liquid 
film mass transfer resistance and the axial dispersion coefficient do not influence the 
breakthrough curve, as expected due to proper design of the column (equations 38 and 
39).  
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Figure 3.7. Influence of mass flow on the amount of DCM processed. Increase in contact time dries more liquid 
until the breakthrough, indicating that the most of the mass transfer resistance is in the particle. 

  

Figure 3.8. Influence of the mean pore diffusion coefficient value on the adsorption breakthrough curve at 4 g/s. 
One order of magnitude change in value effects significantly model predictions, especially in the lower loading 

region. 

Desorption breakthrough curves 

Typical concentration and temperature breakthrough curves for the desorption step are 
presented in Figure 3.9 for a DCM vapor mass flow of 0.95 g/s. Results are obtained 
for an initially completely saturated bed. The dry DCM vapor inlet temperature has a 
lag of 24 min, due to the heating up of the traced tubing and the equipment. This 
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heating profile is identical for all desorption experiments. The transient inlet 
temperature is used as input for the model. At the beginning of the desorption step, the 
temperature of the bed outlet quickly rises from ambient to 39-40 °C, which is the 
boiling temperature of DCM. The energy needed for desorption is supplied by the 
cooling and condensation of the DCM vapor. The condensed DCM covers the 
particles, penetrates in the macropores and trickles down between particles and exits 
the bed together with saturated DCM/water vapor. The temperature rise decreases the 
zeolite capacity which triggers water desorption. Thus, the outlet water concentration 
follows the increase of the inlet temperature. After the initial desorption peak, the 
condensation front travels down the column resulting in an exponential decline in the 
outlet water concentration due to the decreased bed water content (Figure 3.9b). After 
1,8 hours, the heat front reaches the column exit, increasing the outlet temperature. The 
amount of water desorbed is still significant since the lower parts of the bed are being 
desorbed more efficiently with DCM vapor of 70 °C. The outlet vapor temperature 
does not reach the inlet temperature due to the heat loss to the environment. 

a)  b) 

 

 

 
Figure 3.9. Representation of a typical desorption breakthrough experimental run (run 3 – 0.95 g/s): a) 

concentration and temperature breakthrough curves, b) condensation front moving through the bed.  

The mathematical model of the desorption vapor condensation in the desorbing packed 
bed accurately describes the bed outlet temperature (Figure 3.9). The model 
underestimates the peak in the water desorption rate, possibly due to a too high heat 

Fitted concentration 
Fitted temperature 
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transfer coefficient in the vapor phase. A lower heat transfer coefficient for the vapor 
in the model would give a larger condensation zone, with a higher outlet water content. 

An increase of the vapor mass flow increases the amount of DCM condensed per unit 
of time and therefore increases the energy provided for desorption. This results in a 
peak of the desorbed water for 0.95 g/s mass flow (Figure 3.10). For lower mass flows 
(0.55 g/s and 0.75 g/s), a plateau is present in the amount of the water desorbed. The 
duration and height of this plateau are also defined by the mass flow and thus by the 
heat transferred. The results of Schork et al. [15] already demonstrated that the outlet 
concentration curve consists of two transfer zones separated by a concentration 
plateau, one transfer zone where external mass transfer dominates, and one where 
intraparticle mass transfer dominates. The concentration plateau is lost for high mass 
flows in which case the transfer zones overlap [15]. The second later mass transfer 
front forms a tail as the concentration difference between the solid phase and the fluid 
phase decreases with time.  

Acceleration of the desorption with the increase of mass flow of DCM from 0.55 to 
0.95 g/s is obvious in the outlet temperature profile (Figure 3.11). Higher mass flows 
provide more energy per unit time, resulting in the faster regeneration of the bed. After 
the increase of the outlet temperature of the fluid, a different steady state is obtained 
depending on the mass flow. Lower mass flows lead to more heat loss to the 
environment in a non-insulated bed, as in the work of Schork et al. [15]. 

Experimental and model parameters are given in Table 3.2. The model describes a 
similar trend of the desorption rate (Figure 3.10) with slight deviations in the beginning 
due to an overestimated liquid phase desorption (Figure 3.11). More efficient 
desorption at the start of the cycle decreases the concentration in the particle, 
decreasing the driving force resulting in more tailing for the calculated values than for 
the experimental results. The model accurately describes the point at which the 
condensation front travelling down the bed reaches the bottom of the bed, the point at 
which the temperature at the outlet increases above the boiling point of DCM (Figure 
3.11). The pore and surface diffusion coefficients in the model are increased due to the 
increased temperature compared to the adsorption process.  
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Figure 3.10. Influence of mass flow of DCM on the water desorption breakthrough curve. Higher mass flows 
emphasize the desorption due to more DCM condensed per unit of time. 

The efficiency of the regeneration step can be evaluated with two parameters: the purge 
vapor consumption and the energy requirement [14,15]. The purge vapor consumption 
is usually presented as a function of contact time. This dependence should yield a 
minimum at which the heat losses to the environment and mass and heat transfer are 
optimal. Considering that for the experimental system, the main energy supply to the 
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bed is by DCM condensation, the amount of purge vapor needed is constant (Figure 
3.12). This also implies that the energy needed for the regeneration is the same for all 
the mass flows, and is 2200 kJ. The mass flow dictates the regeneration time and heat 
losses – important for achieving lower bed loading. The second parameter, the energy 
requirement dependency of regeneration temperature, should have a minimum close to 
the characteristic temperature [2,14,15]. However, only a temperature of 100 °C is 
investigated here, due to the safety precautions, preventing the thermal decomposition 
of DCM at temperatures above 140 °C (120 °C in presence of oxygen) [1]. A higher 
regeneration temperature would result in a higher concentration peak and a shorter 
depletion time [16]. 

 

Figure 3.11. Influence of the mass flow of DCM on the outlet fluid temperatures. Arrows represent the moment 
when the condensation front reaches the bed outlet. 
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Figure 3.12. Influence of the mass flow of DCM on the amount of DCM consumed for bed regeneration. At all 
mass flows, 6 kg were consumed until the outlet fluid temperature rise was observed, meaning that condensation is 

the main heat transfer mechanism. 

Desorption with external bed heating 

One of the options to overcome the condensed liquid film mass transfer zone is to heat 
up the bed externally. The experiments were conducted where the column was traced 
with the temperature maintained at 100 °C, while other conditions remained the same 
as for the other desorption runs. The desorption concentration peak is now 2.5 times 
higher than in the experiment without external heating, for a 0.95 g/s mass flow (Figure 
3.13). The outlet fluid temperature quickly rises above 40 °C (Figure 3.14) meaning that 
a vapor DCM phase is present at the column outlet from the start of the experiment. 
After the initial temperature rise, a plateau is then present at 53 °C. The start of the 
increase of the outlet temperature corresponds to the peak in the concentration profile. 
From the water saturation pressure at this temperature, the water desorption rate would 
be 1.7 mL/min. However, the measured water desorption rate peak is at 2.7 mL/min, 
meaning that there is also liquid water leaving the bed. Due to efficient desorption, 
liquid water covers the particles, trickles down and exits the bed together with water 
saturated DCM vapor. The particle concentration at the bed inlet is significantly 
decreased after 0.5 h, so the amount of water desorbed starts decreasing in time as the 
heat wave moves through the bed. Also, the surface of the molecular sieves is dried and 
desorption occurs completely in the vapor phase. After 1.5 h, the outlet temperature 
reaches 100 °C with a water content of 0 %: full regeneration has been achieved. This is 
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0.6 h faster and 2.1 kg DCM used less in case of regeneration without external heating. 
Additionally, a low residual loading is achieved due to higher temperatures obtained in 
the bed, resulting in a shorter tailing in the desorbed water profile. 

The temperature plateau for the model result is 12 degrees higher (65 °C) and 3 times 
longer than for the experimental runs. Reason can be that the heat transfer from the 
external heating is overestimated leading to higher temperatures in the bed. Also, the 
model does not account for a liquid water phase present on the surface of the particle. 
The calculated water desorption rate peaks at the DCM vapor saturation water 
concentration. Decreased particle loading reduces the driving force for the mass 
transfer. The result is a sharp decrease in the water desorption rate with the 
temperature rise.  

 

Figure 3.13. Comparison of depletion curves without (run 10) and with external heating of the bed (run 11) at 
0.95 g/s mass flow of DCM. The water desorption peak is narrow due to a faster energy supply for desorption in 

case of thr externally heated bed. 
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Figure 3.14. Comparison of fluid outlet temperature profiles without (run 10) and with external heating of the 
bed (run 11) at 0.95 g/s mass flow of DCM. Temperature rises quickly above the boiling point of DCM 

resulting in faster water desorption for the externally heated bed. 

Cyclic steady state experiment (with external heating regeneration) 

Cyclic operation was investigated by carrying out successive runs of adsorption and 
desorption. Experiments were conducted with DCM for an adsorption mass flow of 3 
g/s and a desorption mass flow of 0.95 g/s (Table 3.2). The criterion for ending the 
adsorption cycle was chosen to be Cout/Cin = 0.15. The following desorption cycle with 
external heating was performed for the same duration as the preceding adsorption, 
representing one cycle of a two-packed bed configuration. Based on the measured inlet 
and outlet concentrations, the loading of the bed is calculated (Figure 3.15). In all 
cycles, it is seen that the adsorption duration is the same, meaning that bed regeneration 
is complete in that period of time (1.67 h). The same is represented in the desorption 
loading profiles, during which the water content of the bed decreases to 0.67 g and 0.81 
g of water for the first and the second cycle, respectively. This is expected since the 
outlet temperature quickly rises to the inlet value of 100 °C, resulting in a low bed 
loading. Since the bed is only partially saturated with water, a plateau in the outlet 
temperature profile is not present as in Figure 3.15. After desorption, adsorption is 
immediately started without an in-between cooling step. The second and third 
adsorption cycles show the same trend as the first cycle, because high heat capacity and 
mass flow of liquid DCM quickly cool down the bed. A total of 18 kg DCM was dried 
per adsorption cycle, with an average water content of 60 ppm. Deducting the 5.7 kg 
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used for desorption, the net amount of DCM dried per cycle is 12.3 kg. The amount of 
water adsorbed per cycle (34 g) represents 41 % of the maximum bed capacity.  

 

Figure 3.15. Cyclic steady state results for experimental run 12 (3 g/s adsorption, 0.95 g/s desorption with 
external heating). Amount of water accumulated during adsorption step is removed in the following desorption 

step. Outlet fluid temperature increases quickly to the inlet value, resulting in low residual bed loading. 

3.6 Conclusions 

In the current work drying of liquid DCM with 3A molecular sieves and the bed 
regeneration with dry DCM vapor is investigated. Non-equilibrium, non-isothermal and 
non-adiabatic packed-bed model is fitted to both adsorption and regeneration 
breakthrough experiments.  

The adsorption equilibrium results are slightly lower than the results predicted by pure 
water vapor isotherms from literature for zeolite 3A. Reason is a binder present in 
molecular sieve beads or an error in the activity coefficient calculation. The NRTL 
model predicts mutual solubility within 14 % error. DCM does not affect the 
adsorption equilibrium since it is excluded from the zeolite micropores. The GSTA 
model is used in the packed bed model as a representation of the pure water vapor 
equilibrium. 

The plug flow with axial dispersion model provides an accurate description of the 
experimental adsorption breakthrough results within 15 % accuracy. The surface 
diffusion coefficient represents the main mass transfer resistance, with fitted values in 
the range 2.2-7.1∙10-12 m2/s. The surface diffusion coefficient is probably not constant 
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but increases with loading in the zeolite pores due to a decrease in the adsorption 
enthalpy energy. The dependence of the surface diffusion coefficient on the surface 
concentration can be the reason why different values were obtained. Sensitivity analysis 
demonstrates that pore diffusion significantly affects the shape of the breakthrough 
curve. External mass transfer and axial dispersion do not influence adsorption at the 
adopted experimental conditions. Since the intraparticle resistance is limiting, longer 
contact time and smaller particles would provide better utilization of the bed. The 
temperature influence is negligible during liquid phase adsorption. 

Desorption is limited by heat transfer. DCM vapor condensation provides the energy 
for water desorption from molecular sieves. However, the formed liquid film also 
diminishes mass transfer. Increase of the mass flow decreases the time needed to reach 
the end of the desorption cycle. The DCM consumption is 93 g per 1 gram of adsorbed 
water for all the mass flows. 

External heating significantly increases the regeneration efficiency, decreasing the 
needed time from 2.1 to 1.5 h (for 0.95 g/s mass flow). It also reduces the amount of 
DCM consumed (66 g per 1 gram of adsorbed water), and could be further decreased 
with future optimization. A lower bed loading is obtained due to higher regeneration 
temperature achieved in comparison to experiments without external heating. External 
heating is responsible for faster water desorption and evaporation since only 16 % of 
the energy is supplied by DCM vapor. 

Cyclic steady state experiments demonstrate the successful regeneration of a partially 
saturated externally heated bed using dry DCM using at 31.67 % of the adsorption flow 
rate. A cycle time of 1.67 h is sufficient to desorb the water that accumulates in the 
preceding adsorption step with a flow rate of 3 g/s. The processed 18 kg of DCM has 
an average water content of 60 ppm.  

3.7 Nomenclature 

Latin symbols 

afs fluid-solid surface area per unit volume, m-1 

aw wall surface area, m2 

C0 initial fluid concentration, kg/m3 
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ceq equilibrium water concentration, weight ppm 

Cf fluid concentration, kg/m3 

Cf0 fluid concentration at the inlet, kg/m3 

Cout fluid outlet concentration, weight ppm 

Cin fluid inlet concentration, weight ppm 

Cp  macropore concentration, kg/m3 

cpf fluid heat capacity, kJ/kg∙K 

Dax Axial dispersion coefficient, m2/s  

Dc Dolumn diameter, m 

dp particle diameter, m 

Dpore Macropore diffusion coefficient, m2/s 

Ds Surface diffusion coefficient, m2/s 

Eö Eötvös number, - 

g gravitational constant, 9.81 m2/s 

H bed height, m 

Hads adsorption enthalpy, kJ/kg 

hair ambient-column wall heat transfer coefficient, W/m2∙K 

Hf fluid enthalpy, kJ/kg 

hGL gas-liquid heat transfer coefficient, W/m2∙K 

HLbp liquid enthalpy at boiling point, kJ/kg 

hLS liquid-solid heat transfer coefficient, W/m2∙K 

hoverall overall (vapor-solid) heat transfer coefficient, W/m2∙K 

hp fluid-solid heat transfer coefficient, W/m2∙K 

Hp particle enthalpy, kJ/kg 

Hvap enthalpy of liquid evaporation, kJ/kg 
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hw fluid-wall heat transfer coefficient, W/m2∙K 

kads adsorption kinetics constant, s-1 

kfs fluid-solid mass transfer coefficient, m/s 

kw column wall conductivity, W/m∙K 

Nu Nusselt number, - 

Nuw Nusselt number for the bed wall, - 

Pr Prandlt number, - 

q particle loading, kgwater/kgMS 

r particle radial distance, m 

R particle radius, m 

Re Reynolds number, - 

Sc Schmidt number, - 

Sh Sherwood number, - 

t time, s 

Tamb ambient temperature, K 

Tf fluid temperature, K 

Tf0 fluid temperature at the inlet, K 

Toutlet outlet fluid temperature, °C 

Tp particle temperature, K 

Uw overall heat transfer coefficient for wall, W/m2∙K 

uf fluid velocity, m/s 

x wall thickness, m 

z axial distance, m 

Greek symbols 

Δ finite difference, - 
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ε bed void fraction, - 

εL0 static holdup, - 

εp particle void fraction, - 

λf fluid thermal conductivity, W/mK 

λp particle thermal conductivity, W/mK 

ν vapor fraction, - 

ρf fluid density, kg/m3 

ρL liquid density, kg/m3 

ρMS density of molecular sieve particle, kg/m3 

σ liquid surface tension, N/m 

Φf fluid property, - 

ΦL liquid property, - 

ΦV vapor property, - 
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Chapter 4 
A hydrate based process for drying liquids 

4.1 Abstract 

We present a novel process for drying chlorine by formation of a clathrate hydrate. 
Liquid chlorine is dried in a rotor-stator spinning disc (RSSD) heat exchanger, which 
has heat transfer coefficients up to 10 kW/m2/K, independent of the flow rate. 
Benefits of this novel drying process are (1) compactness of the spinning disc heat 
exchanger, minimizing material investments, (2) blocking of the equipment by the 
adhesive hydrates is prevented by the rotation, and (3) no chlorine contamination by 
drying agents, e.g. sulfuric acid or zeolite. Batch and RSSD experiments were 
performed with dichloromethane as a model compound for liquid chlorine. Lower 
crystallization temperatures result in shorter induction times of the hydrate formation 
and thus faster water removal rates. Higher mass transfer rates at higher rotation speeds 
have the same effect. The results show that the RSSD heat exchanger facilitates an 
elegant, energy-efficient water removal process that can be applied to removal of trace 
amounts of water from hydrate forming liquids. 
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4.2 Introduction 

Clathrate hydrates are crystalline solid structures formed by entrapping a small gas or 
liquid molecule within a water molecule cage [1]. After the initial academic interest since 
the discovery of the first hydrate of chlorine in 1810 by Sir Humphry Davy [2], the 
research focused on the prevention of clogging of natural gas pipelines [3]. Various 
parameters influencing hydrate nucleation and growth are reported in the literature: 
type of a hydrate former and its size, supercooling, pressure, heat transfer, miscibility 
with water [1] and mass transfer together with kinetics of interfacial reaction [4]. 
However, only a few studies were done in liquid phase where water is not the 
continuous phase. Nowadays research not only focuses on inhibition of the hydrate 
crystallization, but also on its potential as an energy storage and as a purification 
method [5]. Applications include separation of CO2, CH4, H2S, H2, N2, and desalination 
[6]. All these methods are in essence crystallization processes. Crystallization is an 
important process of the chemical industry for the purification of specialty chemicals 
and pharmaceuticals, concentration of fruit juices, water purification and desalination of 
seawater [7,8]. Differentiated according to the method of inducing supersaturation, the 
most common are crystallization through cooling and through evaporation (adiabatic or 
isothermal), with or without agitation [9]. In cooling crystallization, a decrease of 
temperature results in a decreased solubility of the solute. Higher supercooling means 
higher supersaturation, speeding up the process. Mixing of a fluid plays an important 
role in crystal formation by improving the heat and mass transfer [10]. However, 
cooling crystallization is very energy demanding. The energy consumption for seawater 
desalination can be decreased by hybrid processes based on different hydrate formers: 
CO2, chlorine [11], propane [4] and different refrigerants [12] with hydrate promoters 
such as cyclopentane [13]. Opposite to water desalination, here we propose a novel 
hydrate based process for water removal from a high-temperature hydrate former, such 
as chlorine. This process is less energy demanding, because clathrate hydrates are not 
the main product and the water concentration in saturated chlorine is low, around 300 
ppm.  

Since its discovery, chlorine hydrate (Cl2 ∙ 5.75-7.67 H2O; Figure 4.1) has been 
thoroughly researched, especially for the potential use in desalination processes 
[11,14,15]. Chlorine is an important industrial chemical involved in many different 
processes, from producing bleaching and cleaning agents to water purification and the 
making of vinyl chloride for PVC production. The chlorine production is an indicator 
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of the country’s development of chemical industry, and exceeds 45 million tons per 
annum worldwide demonstrating its significance [16]. For many uses, chlorine needs to 
be ultra-dry, mainly due to material issues [17]. Wet chlorine (> 40 ppm of water by 
weight) corrodes common metals (i.e. stainless and carbon steel) and attacks and/or 
permeates most plastics. Thus rare expensive materials are required that increase the 
price of the equipment used [16,18]. Today, the chlor-alkali industry dries chlorine in 
the gas phase with concentrated sulfuric acid, and molecular sieves to some extent [19]. 
This narrows down further the material choice for chlorine drying – due to corrosivity 
of concentrated sulfuric acid or the high temperatures needed for molecular sieve 
regeneration. Additionally chlorine might be contaminated by the drying agent. New 
EU regulations are paving the way for more efficient new technologies in the chlorine 
production [20]. The low operating temperature significantly decreases corrosion rates 
of wet and dry chlorine on metals, so Hastelloy alloys can be used instead of rare and 
expensive tantalum [19,21]. Operating at higher pressures (> 8.41 atm) than the 
common industrial drying process (≈ 1.1 atm) decreases the volumetric flow rate per 
kilogram of chlorine, leading to smaller and thus safer and cheaper equipment. Pumps 
for liquid chlorine are also much smaller compared to gas compressors for the same 
compression ratio. The intensification of heat and mass transfer decreases the 
crystallizer size even further, leading to a lower CAPEX which improves the economics 
of the chlor-alkali process.  

 

Figure 4.1. Representation of chlorine hydrate. Water molecules (black) form a cage-like structure of vodonic 
bonds stabilized by chlorine molecules (green) [11].  

Hydrates formation is usually prevented in the chlor-alkali process as they are known to 
cause equipment clogging [22–24]. Chlorine drying in this way has not been 
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investigated before due to the strong adhesion of hydrate crystals to the heat exchange 
surface. Recent developments in spinning disc technology can be key to facilitating a 
hydrate crystallization process [25,26]. The fast rotating disc increases the micromixing 
in the fluid [27], while the high shear force continuously removes crystals that might 
have adhered to the heat exchange surface. The RSSD apparatus is a novel type of 
intensified equipment with high gas-liquid [28–31], liquid-liquid [32], liquid-solid [33] 
mass transfer. Additionally, high heat transfer coefficients up to 10 kW/m2K are 
achieved [34,35]. This work investigates hydrate crystallization in the high shear 
environment of a RSSD crystallizer. The effect of supercooling, supersaturation and 
stirring speed on hydrate formation is investigated in batch experiments. Furthermore, 
the performance of the RSSD crystallizer is evaluated at varying conditions of 
supercooling, residence time and rotation speed using dichloromethane as a model 
compound. 

4.3 Process description 

Figure 4.2. Hydrate crystallization process scheme. Wet liquid chlorine is cooled to -10 °C to produce hydrates. 
Cold dry liquid chlorine is used in the cooling channels for the heat recuperation, decreasing the amount of 

additional cooling needed. After the separation from dry liquid chlorine, hydrates are melted resulting in liquid 
chlorine (recirculated back to the inlet of the crystallizer) and liquid water (removed from the system).  

The proposed drying process (Figure 4.2) is based on a liquid phase hydrate former that 
contains water – for example chlorine or dichloromethane. The phase diagram for 
chlorine is given in Figure 4.3. The process is operated at a pressure above 8.41 atm 
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(Figure 4.3, point Q [11]) in the region where chlorine is liquid. Liquid chlorine 
containing water (up to a solubility limit of 300 ppm) forms hydrates below 28.3 °C. A 
temperature below -10 °C is needed to obtain a chlorine water content below 42 ppm 
by weight of water [36]. The formed hydrate crystals (410 mg/kg of dry chlorine) are 
separated based on the density difference between dry liquid chlorine and hydrates in 
the centrifugal field of the RSSD crystallizer – 1.22 g/cm3 [14] compared to 1.33 g/cm3 
of liquid chlorine [21]. The crystals are consecutively melted to form liquid water and 
wet liquid chlorine (represented by an external heat exchanger), which again are 
separated based on the density difference, and wet chlorine is recirculated to the 
crystallizer inlet (Figure 4.2). Cold dry chlorine is used for heat recuperation through 
the RSSD crystallizer cooling channels to minimize the energy requirement. In that way 
only the energy for hydrate formation of 110 J/kgchlorine (ΔHf  = -51.3 kJ/molehydrate 
[11]) has to be supplied to the system, if heat losses to the environment are neglected.  

Figure 4.3. The chlorine – water phase diagram based on Bozzo et al. [11] and Wilms et al. [14]. Depicted 
phases are gaseous (G) and liquid (L) chlorine, liquid (L) water and solid hydrate (H). Q represents the 

quadruple point (28.3 °C, 8.41 atm) when all 4 phases are present – liquid and gaseous chlorine, liquid water 
and solid hydrate. 

4.4 Materials and methods 

Experiments were performed using dichloromethane (methylene chloride; DCM) as a 
model compound for liquid chlorine, due to health and safety limitations of chlorine 
under high pressure. At atmospheric pressure, DCM resembles liquid chlorine above 
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the upper quadruple point, just with a higher water solubility (1700 ppm at 25 °C [37]) 
due to polarity, improving the accuracy of water content measurements. The molecular 
size is comparable with the chlorine since two bulky chlorine atoms determine the 
dimensions of DCM. It also forms hydrates at 1.9 °C at atmospheric pressure [37,38].  

Batch experiments 

The experimental setup is depicted in Figure 4.4. DCM (VWR, the Netherlands) was 
saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1) and 
then separated prior to the experiments. The water concentration was measured during 
the batch experiments (60 mL of DCM) in a glass jacketed vessel with the coulometric 
Karl-Fischer titration (Metrohm Applikon Coulometer KFT 899) by taking 0.5 mL 
samples with a syringe. The cooling unit (Huber Ministat 230cc) was pre-cooled to a set 
temperature, to avoid influencing the measurements by the dynamics of the cooling 
unit. The initial water content (1000 – 1700 ppm) and the cooling temperature (0 °C 
and -10 °C) were varied to evaluate the influence of supersaturation and supercooling. 
The quiescent and stirred measurements (with a magnetic rod) were compared to 
investigate the effects of turbulent conditions similar to those in the RSSD crystallizer. 
DCM reached the coolant temperature within 5 minutes for the quiescent and 1 minute 
for the stirred experiments. Temperature was measured with a digital thermometer 
(Prima Long).  

  

Figure 4.4. Schematics of the experimental setup (left) and an actual photo (right) of the batch measurements. 
The measurements were performed with and without stirring, to investigate the influence of mixing on DCM 
hydrate formation. 0.5 mL samples were analyzed using Karl-Fischer titration. TI – temperature indicator 

(thermometer). 

TI  

Sampling 
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Spinning disc crystallization 

The RSSD crystallizer used for the hydrate crystallization is depicted in Figure 4.5, 
together with the complete experimental system. The crystallizer (made out of 316L 
stainless steel) consists of three enclosed rotors on a single shaft (17 mm radius), driven 
up to 4000 RPM by an SEW Eurodrive (CFM71M). The outer disc radius is 66 mm, 
while the radius of the cylindrical housing is 76 mm. The height of a single stage is 8 
mm, while the thickness of the discs is 4 mm. The axial clearance between the rotor and 
the stator is 2 mm, resulting in a total crystallizer volume of 266 mL for all three stages. 
Detailed information about a crystallizer design has been described previously 
[31,34,35]. Rectangular meandering channels (width 16 mm, height 4 mm) were present 
in the stators for heat exchange with the rotor compartments (transfer area 0.0343 m2 
per stage). An ethylene glycol – water solution was supplied to the bottom stator and 
withdrawn from the top stator. The cooling liquid was cooled using a Lauda WKL 1200 
circulation chiller, while the crystallizer and all the lines were insulated. DCM saturated 
with water was fed from the top of the RSSD crystallizer. The flow meter (Coriflow 
Bronkhorst M55) controlled the liquid flow rate of the pump (Gather magnetically 
coupled gear pump) up to 21 mL/s. Cold DCM with a hydrate slurry was withdrawn 
from the bottom of the crystallizer and recirculated to the jacketed vessel through a 
glass tube. A glass tube with a square cross section (40 mm width) was used for an 
inline photo acquisition with a high-speed camera (IDT MotionPro X4) to determine 
the size of the crystals at the exit of the crystallizer. In a jacketed vessel (2.5 L) the 
hydrates were melted and DCM was resaturated by mildly stirring (60 RPM) with a 
demineralized water layer on top of it. The temperature inside the vessel was 
maintained at 19–21 °C by a Lauda Ecoline RE 310 using demineralized water as a heat 
transfer medium. Temperature (Metatemp Pt100) and gauge pressure sensors (Sensor 
Technics 26PC) were installed at the inlet and outlet of the crystallizer, together with 
sampling ports for subsequent water analysis by Karl-Fischer titration. Steady state 
conditions at a given flow rate and rotational speed were taken at a constant outlet 
temperature and a constant outlet water concentration. The experimental flow rates 
were 8.25 and 5.16 mL/s at 0 °C and -7 °C at the rotational speeds varying from 0 to 
1000 RPM. 

The hydrate holdup experiments in the RSSD crystallizer were performed for 4 hours 
(at steady state conditions) at a set temperature, flow rate and rotational speed, after 
which the flow was stopped and the valves before and after the crystallizer were closed. 
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The crystallizer was then heated up to 20 °C, drained and additionally flushed with 
DCM. The outflow was collected in a graduated cylinder. The volume of water present 
as the lighter liquid phase was then measured. 
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Figure 4.5. Schematic representation of the spinning disc crystallization unit. The crystallizer and vessel 
temperatures were regulated with the external cooler and heater via TC1 and TC2 temperature controllers, 

respectively. Water content was measured at the inlet and outlet of the crystallizer by Karl-Fischer titration of 
collected samples. FC – mass flow controller; PI – pressure indicator; TI – temperature indicator; TC – 

temperature controller. 

Image analysis 

Photos were analyzed with MatLab®’s Image Processing Toolbox®. Equally lit regions 
were cropped from the acquired photos and then converted to black and white images 
to detect edges of crystals using the edge command with the Sobel filter (Figure 4.6). A 
closed edge line was identified as an object. Detected edges were dilated with imdilate 
and the objects were filled with imfill. With regionprops the geometric center of the two 
dimensional objects was determined. A crystal diameter was calculated as a surface 
averaged diameter. At least 220 particles were analyzed per rotational speed.  
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Figure 4.6. Representation of a high-speed camera photo of crystals for size distribution analysis. Experimental 
conditions – 5.16 mL/s, 500 RPM, -7 °C. In this case, the area in the middle is analyzed for crystal size. The 

hydrates are not completely spherical. 

4.5 Results and Discussion 

Batch experiments 

The water content in DCM in the batch experiments versus time is shown in Figure 
4.7. At 0 °C an induction time of 1.5 hours appears to be present, during which the 
solution is opaque. In this period, critically stable hydrate nuclei are formed, while 
nuclei with a smaller radius than the critical one are re-dissolved, as reported in 
literature [39]. The supersaturated system is in a state of metastability until the 
appearance of first hydrate clusters larger than the critical sized nuclei [40]. The actual 
water content in DCM has decreased but the measured values are only 10 % lower than 
the initial concentration due to the crystals in the solution affecting the sampling in this 
period. After 1.5 hours, the solution becomes clear and the water concentration drops 
steeply, due to a rapid hydrate crystal growth at the wall of the previously formed 
critical sized nuclei. The experiments at -10 °C show a shorter induction time of 0.5 h. 
The initial concentrations of 1620 ppm and 970 ppm do not influence the induction 
time at -10 °C. However they do influence the initial slope due to a larger 
supersaturation (Figure 4.7). Comparing the results for 0 °C and -10 °C shows that 
supercooling dominates the hydrate formation process by increasing the driving forces. 
Only a few formed crystals are present in the bulk due to stirring, while the majority 
remains attached to the side walls.  Hydrates are not observed in the bulk but only on 

Hydrate crystals in 
the cell 

Condensate on the 
outer cell surface 
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the heat exchange surface, because of their strong adhesion to interfaces and because 
the temperature is lower at the heat exchange surface (Figure 4.9). 

 

Figure 4.7. The water concentration decreases during the batch experiments without stirring. Solid lines indicate 
the initial induction phase and the first order growth phase. The induction time is shorter for -10 °C experiments 

in comparison to 0 °C due to a higher supercooling – 0.5 h compared to 1.5 h. The difference in the initial 
concentration at -10 °C (1620 ppm and 970 ppm) does not influence the induction time and dynamics of 

crystallization, meaning that supersaturation alone is not rate determining.  

 

Figure 4.8. The water concentration decrease during the batch experiments stirred at 500 RPM. Solid lines 
indicate first order behavior for crystal growth. No induction time is observed at both temperatures. The lower 

temperature at -10 °C reaches a lower equilibrium concentration 20 min faster than experiments at 0 °C due to 
higher supercooling.  
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Experiments with stirring at 500 RPM show that the time needed to reach the 
equilibrium water concentration is significantly decreased (Figure 4.8). For 0 °C, the 
equilibrium is reached within 0.5 h, which is 1.2 h shorter than for the experiments 
without stirring at the same temperature. For -10 °C measurements, the equilibrium is 
reached within 10 minutes in comparison to 48 min for experiments without stirring. 
There are two explanations for this: (1) the induction time is reduced by a steeper 
decrease in temperature and by the intensity of stirring [41], and (2) the stirrer prevents 
the adhesion of crystals at the bottom of the vessel, maintaining the high heat transfer 
through this heat exchange area (Figure 4.9). A lower temperature is more favorable for 
hydrate crystallization due to higher supercooling which speeds up the process kinetics. 
At -10 °C more water (55.1 mg) is removed 20 minutes faster than for 0 °C (33.3 mg).  

  

Figure 4.9. The schematic representation of hydrate growth. Hydrates form on the walls and on the bottom of the 
experimental vessel in case of the quiescent conditions (left) presenting the heat transfer resistance for further 

growth leading to a long induction time. In case of the stirred experiments (right), the stirrer keeps the bottom of 
the vessel clear of hydrates, improving both the heat and mass transfer resulting in a faster growth of the hydrates 

on the vessel walls. White lines depict poor heat transfer while black lines represent high heat transfer. 
Additionally, stirring improves the mass transfer facilitating the crystal growth on the walls. 

A first order reaction model was applied to quantify the experimental dynamics of the 
hydrate formation after the induction period (Figure 4.7 and Figure 4.8): 
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( )( ), eq
dC k w T C C
dt

= − −  (4.1) 

where concentrations are given in ppm. The hydrate formation kinetic constant k is a 
fitting parameter that depends on stirring rate (w) and temperature (T). 

Table 4.1. The obtained values for the kinetic constant of hydrate formation from equation 4.1 at different 
experimental conditions. The lower temperature and increased rotation speed up the crystallization due to the 
higher supercooling and increased mass transfer. Change in the initial concentration at -10 °C decreases the 

hydrate formation kinetics. 

Temperature, °C k, s-1 

0 6.05 

-10  (Cin = 1620 ppm) 12.8 

-10  (Cin = 970 ppm) 7.84 

0     (500 RPM) 8.51 

-10  (500 RPM) 32.9 

 

The values for the hydrate formation kinetic constant (Table 4.1) show the significance 
of stirring for the hydrate crystallization. Since the DCM temperature is rapidly at 
steady state, the mass transfer determines the growth rate. The increased mass transfer 
speeds up the process 2.3 to 4.1 times, for 0 °C and -10 °C, respectively. The decrease 
in the initial concentration from 1620 to 970 ppm at -10 °C for the experiments 
without stirring results in a lower value for the kinetic constant. The higher 
supersaturation creates more crystal nuclei leading to a higher surface area and thus a 
faster growth rate. The temperature and stirring have a larger influence on the hydrate 
formation. A lower temperature increases the formation kinetic constant 2.1 times in 
quiescent conditions and 3.9 times for experiments with stirring. The same effects of 
supercooling are observed in literature, stating that a low-temperature condition has a 
positive effect on hydrate formation kinetics [8,13].  

The equilibrium water content was compared to solubility values from literature [37]. 
From Figure 4.7 and Figure 4.8 it is obvious that the measured equilibrium water 
concentrations for 0 °C do not match with those from the IUPAC-NIST database. The 
average equilibrium water content of 8 measurements is 811 ± 9 ppm at 0 °C, 
compared to 768 ± 39 ppm reported in literature [37]. However, the standard deviation 
of the smoothing equation suggested by NIST has a high value, which leads to a wide 
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confidence interval. Out of 29 values used for their correlation, only 6 are evaluated 
between 0 °C and -20 °C. The equilibrium water concentration from our experiments is 
505 ± 10 ppm at -10 °C, which agrees well with the literature value of 522 ± 33 ppm. 
Table 4.2 summarizes water solubility in DCM at four hydrate formation temperatures.  

Table 4.2. The measured values of water solubility in DCM in the hydrate region. Comparing the confidence 
interval of these values to the literature demonstrates the accuracy of the measurements. 

Temperature, °C 
Water solubility (ppm) 

This work IUPAC-NIST [37] 

0 811 ± 9 768 ± 39 

-5 644 ± 8 640 ± 37 

-10 505 ± 10 522 ± 33 

-15 393 ± 4 434 ± 32 

RSSD crystallization 

Figure 4.10 shows results at different operating conditions for the spinning disc 
experiments. Continuous sampling of the inlet showed that the water concentration has 
been successfully maintained at 1410 ± 20 ppm, demonstrating the effective heating 
and re-saturation of DCM in the storage vessel. The cooling unit temperature is set to -
3 °C to compensate for the heat in-flow from the environment for 0 °C experiments. 
The rotation speed increase from 0 to 250 RPM does not influence the hydrate 
formation rate significantly, since the measured outlet water content is the same in case 
of both experimental flow rates used. Under these conditions, the collected samples are 
opaque because the mass transfer is not high enough to enhance the growth of crystals 
– similar to the case of batch experiments during the induction period. At rotational 
speeds above 500 RPM, a flow rate of 5.16 mL/s results in lower outlet water 
concentrations due to a longer residence time (52 s) allowing for crystal growth at same 
supersaturation and supercooling. At 1000 RPM, 877 ppm of water is measured, which 
is 66 ppm off from our equilibrium value at 0 °C. This is expected based on the 
conclusions of the batch experiments, due to the higher mass transfer in a well-mixed 
RSSD crystallizer at rotational speeds above 500 RPM. The crystals grow on the heat 
exchange surface (stator wall) before they are removed by the shear force after which 
growth continues in the bulk. For 8.25 mL/s flow rate, an increase in the rotational 
speed from up to 1000 RPM results in 1098 ppm due to a shorter residence time of 32 
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s. The amount of removed water at 1000 RPM is 3.42 mg/s and 3.66 mg/s in case of 
8.25 mL/s and 5.16 mL/s flow rate, respectively.  

 

Figure 4.10. The outlet water concentration dependency on the rotational speed at 0 °C and -7 °C. Similar as 
for the batch experiments, the rotational speed increase and the lower temperature result in the lower water 

concentration, due to the higher supercooling and the faster mass transfer. The longer residence time at 5.16 mL/s 
flow rate yields the lower outlet water concentration compared to 8.25 mL/s results at 0 °C.  

The influence of supercooling is investigated for the flow rate of 5.16 mL/s (Figure 
4.10). Although the cooling unit set point temperature is -12 °C (minimum value for 
Lauda WKL 1200), the heat inflow from the environment limits the DCM outlet 
temperature to -7 °C for countercurrent cooling. The higher supercooling than in the 0 
°C experiments leads to a lower water content, even at a rotational speed of 100 RPM. 
At the rotations higher than 100 RPM, the outlet water concentration is close to the 
equilibrium value given in the literature for -7 °C (595 ppm) – 677, 667 and 625 ppm is 
measured at 250, 500 and 1000 RPM, respectively. This demonstrates the importance of 
supercooling for DCM hydrate crystallization, combined with the intense mass transfer 
at faster rotations, in agreement with literature [1]. At 1000 RPM 5.39 mg/s of water is 
removed at -7 °C, compared to 3.66 mg/s at 0 °C for the same flow rate. 

The inlet and outlet water concentrations in DCM give the overall mass transfer rate 
kLSaLS using a three CSTRs in series model for the three stage RSSD heat exchanger. 
The water concentration in DCM is based on the following mass balance per stage: 
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Stage 1: Φ𝐷𝐶𝑀(𝐶𝑖𝑛 − 𝐶1) = k𝐿𝑆𝑎𝐿𝑆𝑉𝑠𝑡𝑎𝑔𝑒�𝐶1 − 𝐶𝑒𝑞� (4.2) 

Stage 2: Φ𝐷𝐶𝑀(𝐶1 − 𝐶2) = k𝐿𝑆𝑎𝐿𝑆𝑉𝑠𝑡𝑎𝑔𝑒�𝐶2 − 𝐶𝑒𝑞� (4.3) 

Stage 3: Φ𝐷𝐶𝑀(𝐶2 − 𝐶𝑜𝑢𝑡) = k𝐿𝑆𝑎𝐿𝑆𝑉𝑠𝑡𝑎𝑔𝑒�𝐶𝑜𝑢𝑡 − 𝐶𝑒𝑞� (4.4) 

where Ceq is the equilibrium water solubility at the outlet temperature, assuming a 
constant temperature (-7 °C) in the whole RSSD crystallizer.  

Figure 4.11 shows the fitted values of the overall mass transfer rate kLSaLS. As 
previously mentioned, below 250 RPM the benefits of rotation are minor resulting in 
the low mass transfer rate for experiments at 0 °C. At this temperature, comparison of 
the kLSaLS values for the two flow rates above 500 RPM shows the influence of the 
residence time. The temperature has the largest effect on hydrate formation in the 
RSSD crystallizer: at 1000 RPM the kLSaLS value is 3 times higher in case of -7 °C than 
for 0 °C at 5.16 mL/s flow rate. The lower temperature leads to more formed crystal 
nuclei resulting in a larger surface area for the growth. 

 

Figure 4.11. The fitted values of the overall mass transfer rate kLSaLS. The crystallizer inlet and outlet water 
concentrations in DCM are used as an input for the three CSTRs in series model (equations 4.2-4.4). 

Supercooling plays the dominant role in the hydrate crystallization under the investigated conditions. 

To quantify the crystal size distribution at -7 °C, in-flow photos are acquired at 250, 500 
and 1000 RPM. Figure 4.6 shows a typical photo used for the particle size 
determination. The high speed camera photos are analyzed with the Image Processing 
Toolbox® in MatLab® based on which a histogram is made (Figure 4.12). The average 
crystal diameter is determined assuming spherical particles, although the hydrate crystals 
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are not completely spherical, as can be seen in Figure 4.6. The majority of the crystals is 
smaller than 0.4 mm, due to the high shear force present in the RSSD crystallizer. The 
rise in shear force by an increase of rotational speed from 250 to 1000 RPM results in 
fewer crystals larger than 0.4 mm. 

 

Figure 4.12. Histogram presenting hydrate crystal size distribution. The high speed camera photos are analyzed 
by the Image Processing Toolbox® in MatLab® assuming spherical particles. Majority of the crystals are 

smaller than 0.4 mm, due to the high shear force present in RSSD crystallizer. 

The particle size distribution can also be affected by micromixing. The liquid is mixed 
more intensely by increasing the energy dissipation with the increase in the rotational 
speed of the disc. Using the correlation of de Beer et al. (equation 4.5), the energy 
dissipation (ϵ) is 11.1 W and 210 W at 250 RPM and 1000 RPM, respectively. 
Originating from the expression for the characteristic time for diffusion and shear from 
Baldyga et al. [42], the equation of Moore (equation 4.6) estimates the micromixing time 
(tms) of 0.64 ms and 0.15 ms in case of 250 RPM and 1000 RPM, respectively. This value 
is significantly smaller than for the Rushton stirrer (in the range of 100 ms) which is 
applied in industrial crystallizers. Increasing the rotational speed 4 times decreases the 
micromixing time 4.3 times, as expected from the equations 5 and 6 (tms ~ ϵ-0.5 ~ Re-1.06 
~ ω-1.06). Shorter micromixing time means supersaturation is more evenly distributed in 
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the liquid when the nucleation starts leading to uniform particle size distribution [42]. 
Further increase in rotational speed would increase energy dissipation and thus shorten 
micromixing time (tms1/ tms2 = (ω2/ω1)1.06), which would eventually be shorter than the 
nucleation time, ideally leading to a single particle size. However, more accurate particle 
size should be adequately measured to quantify the size distribution below the 0.2 mm 
diameter.  

 𝜖 = 5.72 ∙ 10−12 ∙ 𝐺−0.14 ∙ 𝑅𝑒2.12 (4.5) 

  𝑡𝑚𝑠 = 2 ∙ �
ν𝐿
𝜖
�
0.5
∙ arcsinh(0.05 ∙ 𝑆𝑐) 

(4.6) 

In the transition from one steady state at one rotation speed to another steady state at a 
higher rotation speed we noticed a temporary increase in crystal size and the amount of 
crystals in the outlet. This leads us to suspect that an accumulated amount of adhered 
hydrates on the cooling surfaces is removed from the heat exchange surface by 
increasing the shear force. To investigate the amount of hydrates in the RSSD 
crystallizer, the residual water holdup is measured at -7 °C and 5.16 mL/s at different 
rotational speeds, as explained in the Experimental part of this chapter. The total 
amount of water removed during 4 hours of the steady state operation is 78 mL under 
mentioned conditions. Figure 4.13 shows that the crystallizer holdup at 100 and 250 
RPM is 13.5 and 14 mL due a low shear force, respectively. As expected, at 1000 RPM 
the lowest water holdup is measured (4 mL) due to the high shear force, providing the 
lowest measured outlet concentration. The hydrate holdup in the DCM flow out of the 
reactor is 1.2 % according to the image analysis, leaving for the amount of actual 
adhered hydrate 10.8 mL and 0.8 mL of water for 250 RPM and 1000 RPM, 
respectively. Assuming that the hydrate layer is the same in all three compartments, the 
thickness of this layer is 0.11 mm and 0.01 mm at 250 RPM and 1000 RPM, 
respectively. This might explain why the majority of crystals are smaller than 0.2 mm in 
Figure 4.12.  

Blockage of the crystallizer only occurred for the experiment at -7 °C without rotation. 
The flow shear force is not sufficient to remove the adhered hydrates resulting in a 
steep pressure increase and eventually complete clogging of the RSSD crystallizer. 
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Figure 4.13. The water holdup dependence on the rotational speed at 5.16 mL/s and -7 °C. The experiments 
are performed at the constant rotation for 4 hours after which the flow is stopped, the valves before and after the 
crystallizer are closed and its content is heated up. Draining and flushing the crystallizer with water saturated 

DCM shows presence of a liquid water layer present on top of the DCM saturated with water. The water holdup 
is higher at 100 RPM and 250 RPM due to the lower shear force present during experiments, meaning more 
hydrates are attached to the heat exchange surface. Increase in shear force due to rotation decreases the water 

holdup for more than 10 mL above 500 RPM.  

4.6 Conclusions 

An experimental study is performed on water removal from liquid dichloromethane in 
form of hydrates. Batch and RSSD crystallization experiments show that increased 
supercooling and mixing accelerate the hydrate formation. Hydrates formed on the heat 
exchange surface of the jacketed vessel, where the temperature of the solution is the 
lowest.  

The RSSD crystallizer is an essential part of the novel drying process by formation of 
hydrates. Low temperatures have a positive effect on hydrate formation. Further 
savings could be achieved by heat integration and cheaper material choice due to low 
operating temperatures minimizing corrosion. Other benefits of this novel drying 
process are prevention of hydrate blocking of the equipment by the rotation and no 
chlorine contamination by drying agents, e.g. sulfuric acid or zeolite. 
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Besides DCM and chlorine, this approach can be used for drying other liquids, not 
necessarily hydrate formers. In that case, hydrate formation is triggered by a secondary 
guest (preferably a gas) for water removal.  

4.7 Nomenclature 

Latin symbols 

C water concentration in DCM as a function of time during batch experiments, 
ppm 

Ceq equilibrium water concentration in DCM at a certain temperature, ppm (batch 
experiments) and kmol/m3 (RSSD experiments)  

Cin inlet water concentration in DCM during RSSD experiments, kmol/m3  

Cout outlet water concentration in DCM in the third (last) RSSD compartment, 
kmol/m3 

C1 water concentration in DCM in the first RSSD compartment, kmol/m3 

C2 water concentration in DCM in the second RSSD compartment, kmol/m3 

k kinetic constant of hydrate formation during batch experiments, affected by 
the stirring rate (w, RPM) and temperature (T, °C), s-1  

kLSaLS overall mass transfer rate during RSSD experiments, m/s 

t crystallization time, s 

Vstage volume of the single stage, 89 mL 

Greek symbols 

ΦDCM DCM volume flow rate during RSSD experiments, m3/s 
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Chapter 5 
Co-current drying of dichloromethane with 

concentrated sulfuric acid using the multistage 
spinning disc contactor 

5.1 Abstract 

Drying of liquids is an important process in chemical industry, performed by different 
techniques, one of which is liquid-liquid extraction. A multiple rotor-stator spinning 
disc contactor is used for co-current drying of DCM with concentrated sulfuric acid 
with respective flow ratios from 5:3 to 10:3 mL/s. The sulfuric acid holdup and mass 
transfer rates were determined experimentally. The sulfuric acid holdup increases with 
rotational speed and decreases with the total flow rate. The overall mass transfer 
coefficient increases from 5∙10-3 1/s at 250 RPM to 0.074 1/s at 1000 RPM. Above 
1000 RPM a stable emulsion of DCM in sulfuric acid forms, resulting in experiments 
not being possible. A solution to this bottleneck, which is also present in centrifugal 
extractors, would be a machine with a tunable shear and centrifugal force. 
Nevertheless, this contactor provides excellent performance in a compact size. 
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5.2 Introduction 

Dichloromethane (methylene chloride; DCM) has the ability to dissolve many organic 
compounds making it one of the most widely used chlorinated solvents [1]. Since its 
boiling temperature is only 40 °C, DCM is ideal for use with thermally sensitive 
compounds, such as pharmaceuticals. For specialty pharmaceuticals, DCM should be 
exceedingly pure and have low water content. The industrial production process of 
DCM however contains water as an impurity [1].  

A possible separation technology for DCM drying is liquid-liquid extraction. A 
suitable solvent has to be immiscible with DCM while having high affinity towards 
water [2]. The ideal candidate is concentrated sulfuric acid, with its negligible water 
vapor pressure and low price [3]. The density difference of the DCM – concentrated 
sulfuric acid system is sufficient to separate the phases after mixing (see Table 5.1) [4]. 
However, extremely high acid viscosity hinders the mass transfer. The size of 
multiphase extraction apparatus, such as packed beds [5], rotating disc columns [5] or 
mixer-settlers [6], is determined by the mass transfer rate. Large equipment results in a 
longer processing time and thus involves safety challenges. 

This chapter investigates the performance of the multistage rotor-stator spinning disc 
contactor for DCM drying with concentrated sulfuric acid. The rotor-stator spinning 
disc contactor (SDC) is a novel type of intensified equipment with high gas-liquid [7–
10], liquid-solid mass transfer [11] with heat transfer coefficients up to 10 kW/m2K 
[12,13] being reported. The liquid-liquid volume fractions are measured in a single 
stage apparatus with the n-heptane – water system [14]. The extraction of benzoic acid 
from n-heptane to the water phase results in overall mass transfer rates up to 60 
m3L/m3R∙s, demonstrating the potential of the spinning disc technology [15]. The 
DCM – acid system used in this work however represents the real industrial drying 
case. Low acid flow rates, asymmetric flow ratios and various rotational speeds 
determine the viscous acid holdup. The extraction of water from DCM into 
concentrated sulfuric acid phase gives the overall liquid-liquid mass transfer in the 
multistage rotor-stator spinning disc contactor.   
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5.3 Experimental section 

The multi-stage spinning disc contactor used for the co-current liquid-liquid extraction 
is depicted in Figure 5.1, as part of the experimental setup. The stainless steel 
contactor consisted of three enclosed spinning discs on a single shaft (17 mm radius), 
operated up to 4000 RPM by a SEW Eurodrive motor (CFM71M). The outer disc 
radius was 66 mm, while the radius of the cylindrical housing was 76 mm. The height 
of a single stage was 8 mm, while the thickness of the discs was 4 mm. The axial 
clearance between the rotor and stator was 2 mm, resulting in a total contactor 
volume of 266 mL for all three stages. Detailed information was previously described 
[10,12,13].  
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Figure 5.1. A schematic representation of the co-current liquid-liquid extraction in the multiple spinning disc 
contactor setup. The black line represents the DCM tubing, the grey line represents the concentrated sulfuric acid 

tubing while the dashed black-grey line depicts the tubing where both phases were present. The flow rates of 
DCM and the acid phase were regulated by the controllers FC1 and FC2, respectively. The inlet and outlet 

temperatures were monitored via TI1 and TI2 temperature indicators. The DCM water content was measured 
at the inlet and the outlet of the contactor by Karl-Fischer titration of collected samples. FC – mass flow 

controller; PI – pressure indicator; TI – temperature indicator. 

DCM (VWR, The Netherlands) and 98 % sulfuric acid (Merck) were fed into the rotor 
stator spinning disc contactor from the top, through separate inlets close to the shaft. 
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Coriflows (Bronkhorst M55) controlled the liquid flow rates of the pumps (Gather 
magnetically coupled gear pump) up to a maximum of 60 mL/s and 30 mL/s for 
DCM and the acid phase, respectively. For the mass transfer measurements DCM was 
saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1). The 
DCM flow rates were 5, 7.5 and 10 mL/s with the rotation speeds ranging from 0 to 
1000 RPM. The experiments were performed with acid flow rates of 3 and 6 mL/s 
(flow ratios of 0.23, 0.29 and 0.38 m3acid/m3total). The temperature (Metatemp Pt100) 
and gauge pressure sensors (Huba control type 520) were installed at the inlet and 
outlet of the contactor, together with the sampling ports for the subsequent water 
analysis in the Karl-Fischer titration apparatus (Metrohm Applikon Coulometer KFT 
899). After intimate contact of the two phases at high shear conditions of the 
contactor, both phases were together withdrawn from the bottom of the contactor 
and recirculated back to the glass graduated cylinder (2 L volume). The operating 
conditions (flow rates, flow ratio, rotational speed) influenced the holdup of the 
phases. The steady state acid holdup in the contactor was measured by marking the 
interphase level in the graduated cylinder acting as a feed and collection vessel. At the 
same time, 2 mL DCM samples were taken to measure the water concentrations at the 
inlet and outlet of the contactor for 2 minutes every 30 seconds. From the water 
content measurements, the overall mass transfer rate coefficient (kLLaLL) is calculated 
by the three CSTRs in series per phase model, as recommended by the work of 
Visscher et al. [14], assuming quasi steady state conditions (Figure 5.2). 

Figure 5.2. A schematic representation of the model. A single stage was described as a CSTR per phase. 
DCM and 98 % sulfuric acid were flowing co-currently. kLLaLL was used as a fitting parameter. 
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The water concentration in DCM is calculated based on the following mass balances 
per stage: 

Stage 1: Φ𝐷𝐶𝑀(𝐶𝑖𝑛 − 𝐶1) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶1 − 𝐶1𝐴𝑐𝑖𝑑� (5.1) 

Stage 2: Φ𝐷𝐶𝑀(𝐶1 − 𝐶2) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶2 − 𝐶2𝐴𝑐𝑖𝑑� (5.2) 

Stage 3: Φ𝐷𝐶𝑀(𝐶2 − 𝐶𝑜𝑢𝑡) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶𝑜𝑢𝑡 − 𝐶𝑜𝑢𝑡𝐴𝑐𝑖𝑑� (5.3) 

The mass balances for the water in the acid phase are: 

Stage 1: Φ𝐴𝑐𝑖𝑑(𝑐𝑖𝑛 − 𝑐1) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐1𝐷𝐶𝑀 − 𝑐1) (5.4) 

Stage 2: Φ𝐴𝑐𝑖𝑑(𝑐1 − 𝑐2) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐2𝐷𝐶𝑀 − 𝑐2) (5.5) 

Stage 3: Φ𝐴𝑐𝑖𝑑(𝑐2 − 𝑐𝑜𝑢𝑡) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐𝑜𝑢𝑡𝐷𝐶𝑀 − 𝑐𝑜𝑢𝑡) (5.6) 

CAcid is the water concentration in the acid bulk expressed in DCM units, and cDCM is 
the water concentration in the DCM bulk expressed in acid units. These water 
concentrations were calculated using the water fugacity expression in the DCM and 
the acid: 

𝑓𝐷𝐶𝑀 = 𝑥𝐷𝐶𝑀 ∙ 𝛾𝐷𝐶𝑀 ∙ 𝑝𝑠𝑎𝑡 = 𝑓𝐴𝑐𝑖𝑑 = 𝑝𝐴𝑐𝑖𝑑 (5.7) 

xDCM is determined from the water concentration in the DCM phase, giving the water 
vapor pressure (pAcid) and thus the acid concentration. Inversely, the acid 
concentration gives the corresponding water vapor pressure in the acid from which 
the DCM water content follows. The water vapor pressure in sulfuric acid of different 
concentrations is taken from literature [3]. 

However, even if the complete DCM water content is transferred (Table 5.1), the 
sulfuric acid dilution would be low, so the water concentration would not change in 
the acid phase. This simplifies the model into three CSTRs in series for only the DCM 
phase, where CAcid is assumed constant and is 0.0158 ppm. Measured inlet and outlet 
water concentrations in DCM are used to estimate the kLLaLL value.  
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Table 5.1. Density, viscosity, water concentration and water vapor pressure of DCM and sulfuric acid. 

Initial 
volume, mL 

Density, 
kg/m3 

Viscosity, 
mPa∙s 

Water 
concentration 

Equilibrium 
water content 

DCM 1600 1320 0.3 1600 ppm 
(saturated) 

70 % (30 % 
sulfuric acid) 

Sulfuric 
acid 400 1860 25 

2.00 % (initial) 0.0100 ppm in 
DCM 

2.47 % (after 
experiments) 

0.0158 ppm in 
DCM 

5.4 Results and Discussion 

Holdup of concentrated sulfuric acid 

The effects of the flow ratio on the holdup of the acid in the contactor are shown in 
Figure 5.3. An increase of the rotational speed from 100 to 500 RPM halves the 
holdup for all flow ratios, as noticed in the work of Visscher et al. [14]. This decrease 
is the most significant in the case of 5 mLDCM/s : 3 mLacid/s flow ratio (0.38 
m3acid/m3total) changing from 0.39 to 0.20 m3acid/m3R. In the transparent single stage 
rotor-stator apparatus, holdup of the lighter n-heptane phase on the top of the 
rotating disc is two times larger than in the compartment below, where it is dispersed 
as droplets [14]. A thin film of sulfuric acid is thought to form on the top of the 
rotating discs due to dispersion by centrifugal force. Above this film bulk DCM 
recirculates. Below the rotating discs, the acid is assumed to be a continuous phase, 
containing the dispersed DCM droplets sheared off at the rim of the disc (as 
compared to the gas-liquid system [18]). Thus, the increase of the rotational speed in 
this range decreases the acid film thickness on top of the discs and disperses more 
DCM droplets in the acid phase below the rotating discs, decreasing the acid holdup 
(as discussed in the following paragraphs). A further increase of the rotational speed 
from 500 to 1000 RPM increases the acid holdup for 0.05 m3acid/m3total, irrespective of 
the flow ratio. Counter intuitively, a decrease of the acid flow ratio from 0.38 to 0.23 
m3acid/m3total (increase of the DCM flow rate from 5 to 10 mL/s) increases the acid 
holdup at all rotational speeds for a constant flow rate of the concentrated sulfuric 
acid of 3 mL/s. The reason is that more large DCM droplets are sheared off into the 
continuous acid phase at increased DCM flow rate. 
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Figure 5.3. The effects of the DCM flow rate on the acid holdup. The markers represent the ratio of the DCM 
flow rate (mL/s) and the acid flow rate (mL/s). The acid holdup initially decreases by increasing the rotation 
speed from 100 to 500 RPM, after which it increases slightly. The higher volumetric DCM flow rate increases 

the acid holdup. 

Figure 5.4. The effects of the total volume flow rate on the acid holdup. The markers represent the ratio of the 
DCM flow rate (mL/s) and the acid flow rate (mL/s). The acid holdup significantly increases when the total 

volumetric flow rate is doubled. Increase in the rotational speed continuously decreases the acid holdup, compared 
to the observed minimum for the halved volumetric flow. 

Figure 5.4 presents the effect of the total flow rate at a constant flow ratio of 0.38 
m3acid/m3total. Compared to 5 mLDCM/s : 3 mLacid/s flow rates, the acid holdup for 10 
mLDCM/s : 6 mLacid/s flow rates exhibits no minimum in the range of rotational 
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speeds investigated. An increase of the rotational speed from 100 to 1000 RPM 
continuously decreases the holdup of sulfuric acid from 0.61 to 0.47 m3acid/m3total.  

A twofold increase in flow rates of DCM and concentrated sulfuric acid increases the 
acid holdup for 0.34 m3acid/m3total. As reported in literature, higher throughputs 
diminish the effects of rotation governing the flow regime [12]. In other words, higher 
rotational speeds are needed to have the same energy dissipation. Presumably, this 
means that the sulfuric acid film on the top of the discs is thicker at higher acid flow 
rates, while below the discs DCM flows in continuous spirals through the acid instead 
of dispersed droplets (as reported by Visscher et al. [14]).  

Above 1000 RPM, an emulsion of DCM in sulfuric acid is observed. This supports 
the hypothesis that the acid is the continuous phase at the region below the rotating 
discs. A high viscosity of the concentrated sulfuric acid hinders DCM droplets 
coalescence, resulting in a stable emulsion at high shear conditions.  

Mass transfer measurements 

The mass transfer results are depicted in Figure 5.5. At rotational speeds lower than 
500 RPM there is no intense mixing of the two phases since the effects of the rotation 
are low and the through flow governs the hydrodynamics and the mass transfer. As 
mentioned in the previous section, the two phases do not mix significantly as the 
centrifugal force disperses the acid as a thin film on top of the disc decreasing its 
residence time, and the DCM is present as a continuous spiral in the acid phase below 
the disc. The highest fitted kLLaLL value in this region of rotational speeds is 0.05 1/s 
at 100 RPM for flow rates of 10 mLDCM/s and 6 mLacid/s. This value is more than 5 
times higher than in case of the other two flow rates (10 and 7.5 mLDCM/s at a 
constant acid flow rate of 3 mLacid/s). The reason is due to more intense mixing of the 
two liquids based on the larger through flows. A higher acid flow rate results in a 
thicker film on the disc surface and thus longer acid residence time. An increase of 
only the DCM flow rate from 7.5 to 10 mLDCM/s decreases the overall mass transfer 
rate coefficient from 0.015 to 0.004 1/s at 500 RPM due to a shorter DCM residence 
time. 
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Figure 5.5. kLLaLL value at different flow rates and flow ratios. The markers represent the ratio of the DCM 
flow rate (mL/s) and the acid flow rate (mL/s). Increase of the DCM flow rate decreases its residence time 
resulting in a lower kLLaLL value. The intense mixing caused by the disc rotation enhances the kLLaLL value. 
Doubling the total flow rate significantly increases the kLLaLL value at lower rotational speeds due to a larger 

mixing of the two phases. 

A faster disc rotation enhances the shear force acting on the liquids resulting in more 
dispersion of DCM in the acid phase, as mentioned in the previous section. This 
enlarges the interfacial area, amplifying the overall mass transfer rate. Compared to the 
conditions below 500 RPM, the fitted kLLaLL value increases more than 10 times (up 
to 0.074 1/s) with the increase of rotational speed from 500 to 1000 RPM for the flow 
rates of 10 mLDCM/s and 3 mLacid/s. A two fold increase of the acid flow rate (from 3 
to 6 mL/s) for a constant flow rate of DCM (10 mL/s) yields a lower kLLaLL value 
(0.058 1/s) at 1000 RPM. As mentioned before, higher throughput requires a higher 
rotational speed to obtain the same energy dissipation. An increase of the overall mass 
transfer rate coefficient for the flows of 10 mLDCM/s and 6 mLacid/s is not that 
significant (0.047 to 0.058 1/s) with the increase of the rotational speed from 100 to 
1000 RPM. For the other two cases (7.5 and 10 mLDCM/s at 3 mLacid/s), the overall 
mass transfer rate coefficient increases exponentially. 

A similar trend has been reported for the gas-liquid mass transfer [7,9] and the boiling 
heat transfer in the rotor-stator spinning disc equipment [18]. The observed significant 
increase in both mass and heat transfer is dedicated to the increase in the transfer area 
above 500 RPM. At these rotational speeds the dissipated energy forms more small 
uniform bubbles and increases the gas (lighter phase) holdup (and decreases the heavy 
phase holdup), thus enhancing the overall mass transfer [7]. Similarly - in our case, 
smaller DCM droplets are probably formed and dispersed into the concentrated 
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sulfuric acid, yielding a 10-fold increase in the kLLaLL value. De Beer et al. [18] found 
that the gas inlet pressure oscillates at low rotational speeds due to the low energy of 
dissipation resulting in large bubbles. Possibly, a similar mechanism as for gas-liquid 
flow forms large DCM droplets causing a low interfacial area and thus a low kLLaLL 
value below 500 RPM. 

Determining the mass transfer area is a difficult challenge in this three-stage non-
transparent system so an approach from literature is applied. Kumar et al. summarize 
empirical correlations for the prediction of mass transfer coefficients, in order to 
obtain the design rules for liquid-liquid extractors [16]. The dispersed-phase mass 
transfer coefficient for a single stagnant drop can be calculated by the model of 
Gröber, deriving the Sherwood number for the droplet (Shd = kLLd/D) of 6.58 in case 
of long contact times and no resistance in the continuous phase [17]. Using this 
approximation, the average DCM droplet size is calculated (Figure 5.6) using the 
experimentally obtained kLLaLL values where aLL = 6ε/d (assuming spherical droplets). 
For a droplet diameter below 2 mm, which is the gap size between the rotor and the 
stator, the maximum kLL and aLL values of 2.8∙10-5 m3L/ m2i∙s and 2696 m2i/m3L are 
obtained, respectively. In the case of a calculated droplet diameter larger than 2 mm, 
the formed droplets are squeezed in the rotor-stator gap and are larger than those 
assumed by this correlation yielding an even smaller mass transfer area.  

Figure 5.6. Estimated diameter of the DCM droplets in the concentrated sulfuric acid. The markers represent 
the ratio of the DCM flow rate (mL/s) and the acid flow rate (mL/s). Droplets smaller than the gap distance 

yield higher kLLaLL values. Above 2 mm diameter droplets are squeezed between the rotor and the stator, 
increasing the area of a single non-spherical droplet and resulting in a smaller mass transfer area per volume, 

decreasing the kLLaLL value. 
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However, the values reported here are around 340 times lower than those in the work 
of Visscher et al. (kLLaLLεLL of 5.3∙10-2 m3L/m3R∙s compared to 18 m3L/m3R∙s, both at 
1000 RPM) [15]. The main difference is the experimental system – 98 % sulfuric acid 
has a 13 times larger kinematic viscosity compared to water, which is the continuous 
and heavier phase in case of Visscher et al. This leads to a 13 times lower Reynolds 
number (28∙103 compared to 370∙103 at 1000 RPM), which affects the hydrodynamics 
together with the larger gap spacing (2 mm in comparison to 1 mm in the case of 
Visscher et al.). Rotational speed of 100 RPM yields Rewater = 36∙103 (comparable to 
the value for the acid phase at 1000 RPM) and a kLLaLLεLL value of 0.17 m3L/m3R∙s for 
the n-heptane-water system, which is now only 3 times larger than the values reported 
in this chapter. While in this work the acid and DCM are co-fed at the top of the first 
stage meaning that the whole volume of the three stage spinning disc contactor is used 
for the kLLaLL calculation, Visscher et al. fed n-heptane into the continuous water 
phase through the narrow orifice (1.4 mm) on the stator below the disc affecting the 
droplet formation mechanism (and thus the droplet diameter) and decreasing the 
volume for the mass transfer coefficient determination. More importantly, the values 
reported by Visscher et al. reflect the external droplet mass transfer coefficient 
whereas this chapter reflects the internal droplet mass transfer coefficient. In Visscher 
et al. the mass transfer occurs from n-heptane drops in which benzoic acid is 
dimerized, meaning that its monomer concentration is continuously replenished by 
dimer dissociation and is therefore virtually constant. In that case, the measured 
overall mass transfer coefficient probably represents the water film mass transfer 
around the n-heptane droplets. On the other hand, DCM droplets have a definite 
amount of water that decreases during the extraction experiments. Due to the high 
hygroscopicity of 98 % sulfuric acid, the kLL values in this work represent the mass 
transfer in the DCM phase (equation 5.7). Supporting this hypothesis is the low value 
of the distribution coefficient between the two phases (4.54∙10-7 m3Acid/m3DCM) which 
is calculated with the value from Table 5.1, as shown in equation 5.8.  

1
𝑘𝐿𝐿

=
1

𝑘𝐷𝐶𝑀
+

𝑚
𝑘𝐴𝑐𝑖𝑑

(5.7) 

𝑚 =
𝐶𝐷𝐶𝑀
𝑒𝑞

𝑐𝐴𝑐𝑖𝑑
𝑒𝑞 = 4.54 ∙ 10−7  𝑚𝐴𝑐𝑖𝑑

3

𝑚𝐷𝐶𝑀
3� (5.8) 
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5.5 Conclusions 

The holdup of the two liquid phases (DCM and 98 % sulfuric acid) is experimentally 
determined in the rotor-stator spinning disc contactor. An increase in both the DCM 
flow rate (decreasing the acid flow ratio) and total flow rate (at a constant flow ratio) 
increases the acid holdup in the contactor. An increased difference between flow rates 
would lead to a higher acid holdup. 

The liquid-liquid mass transfer rates presented as kLLaLL values are in the range from 
0.003 1/s at 100 RPM to 0.074 1/s at 1000 RPM for the flow rates of 10 mLDCM/s 
and 3 mLacid/s. These values are six times higher compared to packed columns [5], 
two to three times higher than for rotating disc column [5] and two times higher than 
in settler-mixer equipment [6]. High mass transfer together with a small volume makes 
a rotor-stator spinning disc contactor an excellent alternative for mass transfer limited 
co-current liquid-liquid processes. An increase of the number of stages leads to a 
tunable residence time without influencing the mass transfer performance. 
Additionally, the centrifugal field can be used for separation of the two phases. 

5.6 Nomenclature 

Latin symbols 

aLS interfacial surface area, m2/m3 

C water concentration in DCM, ppm 

Ceq equilibrium water concentration in DCM, kmol/m3   

Cin inlet water concentration in DCM, kmol/m3  

Cout outlet water concentration in DCM in the third (last) CSTR in series, kmol/m3 

C1 water concentration in DCM in the first CSTR in series, kmol/m3 

C2 water concentration in DCM in the second CSTR in series, kmol/m3 

ceq equilibrium water concentration in the concentrated sulfuric acid, kmol/m3   

cin inlet water concentration in the concentrated sulfuric acid, kmol/m3  

cout outlet water concentration in the concentrated sulfuric acid in the third (last) 
CSTR in series, kmol/m3 
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c1 water concentration in the concentrated sulfuric acid in the first CSTR in 
series, kmol/m3 

c2 water concentration in the concentrated sulfuric acid in the second CSTR in 
series, kmol/m3 

f water fugacity in different phases, Pa  

kAcid acid liquid-liquid mass transfer coefficient, s-1  

kDCM DCM phase mass transfer coefficient, s-1 

kLL overall liquid-liquid mass transfer coefficient, s-1 

kLLaLL mass transfer rate, m/s 

m particion coefficient, m3/ m3 

p water partial pressure, Pa 

Vstage volume of the single stage, mL 

x water mole fraction, - 

Greek symbols 

γ water activity coefficient, - 

ΦAcid concentrated sulfuric acid volume flow rate, m3/s 

ΦDCM DCM volume flow rate, m3/s 
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Chapter 6 
The multistage spinning disc extractor for drying 

liquids with concentrated sulfuric acid 

6.1 Abstract 

   Liquid-liquid extraction is an important industrial routine that can be used for the 
drying of liquids. A small amount of hygroscopic concentrated sulfuric acid efficiently 
dries dichloromethane (DCM) to low ppm water content in the centrifugal extractor. 
The centrifugal and shear force are independently adjusted by the co-rotating casing 
and impeller of the three-stage counter-current centrifugal extractor developed in our 
group. The complete phase separation is obtained for 1:1 and 1:2 (sulfuric acid:DCM) 
flow ratios at the DCM flow rate of 6 mL/s. Decreasing the acid flow rate narrows 
the complete phase separation zone. The acid holdup is in the range of 0.44-0.52 for 
the 1:2 flow ratio, and follows the trend of the acid pressure drop over the extractor. 
The obtained mass transfer coefficient is 0.068 s-1 for a 6 mL/s flow rate of DCM and 
3 mL/s of the acid at the casing and impeller rotational speeds of 1400 and 1150 
RPM, respectively. This value is higher compared to other centrifugal extractors, 
which increases the centrifugal force at the expense of the increased shear force. The 
multistage spinning disc extractor is a compact versatile unit with the option of 
extending residence time without influencing the mass transfer performance.  
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6.2 Introduction 

Water is often an impurity in organic compounds or solutions that can lead to 
undesirable side reactions. It is also often a reaction byproduct influencing the 
reaction equilibrium. Additionally, drying of organics prevents the formation of water 
azeotropes, facilitating the following purification steps such as distillation [1]. One of 
the options for drying liquids is liquid-liquid extraction with an appropriate solvent for 
water removal. 

Liquid-liquid extraction is an important, widely used industrial process [2]. Choosing 
the appropriate apparatus depends essentially on three parameters: physical properties 
(density, viscosity and surface tension), throughput and required number of separation 
stages [3]. A suitable solvent for liquid-liquid extraction drying has to be immiscible 
with the wet liquid while having a high affinity towards water [3]. From this 
perspective, the ideal candidate is concentrated sulfuric acid, with its negligible water 
vapor pressure and low price [4]. However, the extremely high sulfuric acid viscosity 
severely hinders the mass transfer. The size of multiphase extraction apparatus, such 
as packed beds [5], rotating disc columns [5] or mixer-settlers [6], is determined by the 
mass transfer rate. Larger equipment results in longer processing time and thus 
involves safety challenges. Centrifugal equipment with high mass transfer rates, such 
as the Podbielniak extractor [7], CINC extractor [8], and the Rousselet-Robatel 
extractor [9], are often used to reduce the equipment volume and the processing time.  

The spinning disc technology already demonstrated high gas-liquid [10–13], liquid-
solid mass transfer [14] and heat transfer coefficients up to 10 kW/m2K [15,16]. Based 
on spinning disc technology, a new counter-current multistage spinning disc extractor 
has been developed [17]. This equipment is tested for the n-heptane-water system, 
giving up to 70 contacting stages per meter for the extraction experiments with 
benzoic acid [8].  

In this chapter, we present data for the DCM system containing 98 % sulfuric acid, 
which is a real industrial drying case. Dichloromethane (methylene chloride; DCM) is 
the most widely used chlorinated solvent with the ability to dissolve many organic 
compounds. It has a low boiling temperature making it ideal for use with thermally 
sensitive compounds, such as pharmaceuticals [18]. For specialty pharmaceutical 
production, DCM should be exceedingly pure and have a low water content. 
Industrially produced DCM however contains water as an impurity and thus needs to 
be dried [18]. The density difference of the DCM–concentrated sulfuric acid system is 
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sufficient to separate the phases after mixing (see Table 5.1, Chapter 5) [2]. The effect 
of flow rates, flow ratio, and rotational speed on the phase separation and volume 
fraction is investigated in this chapter. In addition, the extraction of water from the 
DCM phase into the concentrated sulfuric acid phase is determined, from which the 
overall liquid-liquid mass transfer coefficient in the multistage spinning disc extractor 
is calculated.  

6.3 Experimental section 

A single contacting stage consisting of an impeller (light grey) enclosed by a casing 
(dark grey), both made of stainless steel. Six vanes (2 mm height) connected the top 
disc (146 mm diameter) and the bottom disc (170 mm diameter) of the impeller, as 
shown in Figure 6.1. Three impellers were installed on a single shaft, making three 
contacting stages with the co-rotating cylindrical casing (180 mm inner diameter) [8]. 
Two weirs shaped as concentric rings were mounted on the casing to direct the flows. 
The inner diameter of the concentric rings was 30 mm at the inlet side (weir 2, Figure 
6.1) and 25 mm at the outlet side of the lighter phase (weir 1, Figure 6.1) at every 
stage. The distance between the weirs and the impeller and the casing was 1 mm. This 
yielded a contacting stage volume of 102 mL. A more detailed extractor design is 
described in  [17,19].  

Light liquid (yellow) entered through the shaft close to the rotation axis and was 
pumped by the Vanes of the impeller against the centrifugal force (Figure 6.1). Heavy 
liquid entered on the opposite side of the extractor close to the rim of the casing, went 
around the weir 1 (see Figure 6.1) and was in counter-current contact with the 
dispersed lighter liquid. The difference between the rotational speeds of the impeller 
and the casing determined the shear force acting on the liquids, affecting the 
dispersion of the light phase into the heavy one. The rotational speed of the casing 
governed the centrifugal force that defined the separation of the two phases. Both 
rotational speeds determined the pressures acting on both liquids, defining the 
interphase levels in the extractor and thus the volume fraction of the liquids 
(interphase levels 1 and 2, Figure 6.1). This meant that complete phase separation at 
both outlets could be achieved for certain combinations of the impeller/casing 
rotational speeds.  
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Figure 6.1. Schematic representation of the single stage extractor design, including the top view of the impeller. 
The impeller Vanes disperse the light liquid (yellow) into the heavy phase (blue). 

The three-stage spinning disc unit used for the counter-current liquid-liquid extraction 
is depicted in Figure 6.2, as a part of the experimental setup. The impeller and the 
casing were driven up to 1500 RPM by two SEW Eurodrive motors (CFM71M) via 
the separate belt pulleys. DCM (VWR, The Netherlands) was fed into the spinning 
disc extractor through the light phase inlet (Figure 6.2). For the mass transfer 
measurements DCM was saturated with demineralized water (Veolia Water Elga 
Purelab S7, 0.1 μS∙cm-1). 98 % sulfuric acid (Merck) was introduced counter-currently 
to DCM, through the heavy phase inlet on the opposite side of the extractor. Two 
Coriflows (Bronkhorst M55) controlled the liquid flow rates through the pumps 
(magnetically coupled gear pump, Gather) up to a maximum of 60 mL/s and 30 mL/s 
for the DCM and acid phase, respectively. The acid flow rate was 3 and 6 mL/s with a 
DCM flow rate of 6 mL/s. 
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Figure 6.2. Schematic representation of the three stage spinning disc extractor experimental setup. The black 
line represents DCM tubing, while the grey line depicts concentrated sulfuric. Flow rates of DCM and the acid 
phases were regulated by the controllers FC1 and FC2, respectively. Temperatures and pressures were monitored 
at the inlet and the outlet of both phases via TI1-TI4 and PI1-PI4 sensors. DCM water content was measured 
at the inlet and outlet of the extractor by Karl-Fischer titration of collected samples. FC – mass flow controller; 

PI – pressure indicator; TI – temperature indicator. 

The setup was started up by pumping DCM by both pumps. The motors were 
gradually accelerated up to 1400 RPM for the casing and 1000 RPM for the impeller. 
Thereafter, the acid was introduced to the extractor through the acid lines at a given 
flow rate. Temperature (Metatemp Pt100) and gauge pressure sensors (Huba control 
type 520) were installed at the inlet and outlet of the extractor, together with sampling 
ports for subsequent water analysis in the Karl-Fischer titration apparatus (Metrohm 
Applikon Coulometer KFT 899). Both outlets were recirculated back to the glass 
graduated feed cylinder (2 L volume). The operating conditions (acid flow rate, 
rotational speeds of the impeller and the casing) influenced the volume fraction of 
sulfuric acid in the extractor. The steady state sulfuric acid volume fraction in the 
extractor was determined by measuring the interphase level in a graduated cylinder, 
when both outlets were pure and pressures at all inlets and outlets constant. The 
volume of the acid filled lines (tubing) that were previously filled with DCM (570 mL) 
was subtracted from the measured volume. The sulfuric acid volume fraction is then 
the net volume divided by the total extractor volume. For the mass transfer 
measurements, three 2 mL DCM samples were taken to measure water concentrations 
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at the inlet and outlet of the extractor. The overall mass transfer rate kLLaLLεDCM was 
calculated by assuming three CSTRs in series model for each phase, and assuming 
quasi steady state conditions (Figure 6.3).  

 

Figure 6.3. Schematic representation of the model. A single stage was described as one CSTR per phase. DCM 
and 98 % sulfuric acid were flowing counter-currently. kLLaLL was used as a fitting parameter. 

The water concentration in DCM was calculated based on the following mass balances 
per stage: 

Stage 1: Φ𝐷𝐶𝑀(𝐶𝑖𝑛 − 𝐶1) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶1 − 𝐶𝑜𝑢𝑡𝐴𝑐𝑖𝑑� (6.1) 

Stage 2: Φ𝐷𝐶𝑀(𝐶1 − 𝐶2) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶2 − 𝐶2𝐴𝑐𝑖𝑑� (6.2) 

Stage 3: Φ𝐷𝐶𝑀(𝐶2 − 𝐶𝑜𝑢𝑡) = k𝐿𝐿𝑎𝐿𝐿ε𝐷𝐶𝑀𝑉𝑠𝑡𝑎𝑔𝑒�𝐶𝑜𝑢𝑡 − 𝐶3𝐴𝑐𝑖𝑑� (6.3) 

The mass balances for the water in the acid phase were: 

Stage 1: Φ𝐴𝑐𝑖𝑑(𝑐2 − 𝑐𝑜𝑢𝑡) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐1𝐷𝐶𝑀 − 𝑐𝑜𝑢𝑡) (6.4) 

Stage 2: Φ𝐴𝑐𝑖𝑑(𝑐3 − 𝑐2) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐2𝐷𝐶𝑀 − 𝑐2) (6.5) 

Stage 3: Φ𝐴𝑐𝑖𝑑(𝑐𝑖𝑛 − 𝑐3) = k𝐿𝐿𝑎𝐿𝐿ε𝐴𝑐𝑖𝑑𝑉𝑠𝑡𝑎𝑔𝑒(𝑐𝑜𝑢𝑡𝐷𝐶𝑀 − 𝑐3) (6.6) 

CAcid is the water concentration in the bulk acid expressed in DCM units, and cDCM is 
the water concentration in the bulk DCM expressed in acid units.  
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These water concentrations were calculated using the water fugacity expression in the 
DCM and the acid: 

 𝑓𝐷𝐶𝑀 = 𝑥𝐷𝐶𝑀 ∙ 𝛾𝐷𝐶𝑀 ∙ 𝑝𝑠𝑎𝑡 = 𝑓𝐴𝑐𝑖𝑑 = 𝑝𝐴𝑐𝑖𝑑 (6.7) 

xDCM was determined from the water concentration in the DCM phase, giving the 
water vapor pressure (pAcid) and thus the acid concentration. Alternatively, the acid 
concentration gives the corresponding water vapor pressure in the acid from which 
the DCM water content follows. The water vapor pressure in sulfuric acid of different 
concentrations was taken from literature [4]. 

Even if the complete DCM water content is transferred (Table 5.1, Chapter 5), the 
sulfuric acid dilution would have been less than 0.5 %, so the water concentration 
effectively does not change in the acid phase. This simplifies the model into three 
CSTRs in series for only the DCM phase, where Ceq was assumed constant and was 
0.0158 ppm. The measured inlet and outlet water concentrations in DCM were further 
used to estimate the kLLaLL value.  

6.4 Results and Discussion 

Physical Separation Efficiency 

Figure 6.4 depicts the location of > 99.9 % physical separation efficiency at different 
rotational speeds. The physical separation efficiency is defined as the purity of the 
light outlet multiplied by the purity of the heavy outlet, and can be between 0 and 100 
%. A zone when both the DCM and the acid phase outlets are pure is formed for the 
rotational speeds of the casing in the range of 1300-1500 RPM and the impeller 900-
1100 RPM. The difference between the rotational speeds of the casing and the 
impeller governs the shear force acting on the liquids, dispersing the DCM into the 
heavier acid at the rim of the impeller. The larger difference in rotational speeds 
results in smaller DCM droplets that are easily entrapped in the viscous sulfuric acid 
resulting in an emulsion. The emulsion of DCM in the acid is observed at the DCM 
outlet for the impeller rotational speeds lower than 900 RPM (rotational speed 
difference of minimum 500 RPM). Besides governing the droplet size, the rotational 
speed determines the interface level in the extractor and thus the liquid holdups. 
Experiments of Visscher et al. in the same extractor show that at larger impeller 
rotational speeds, the pumping action becomes larger than the light phase flow rate, 
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affecting the phase distribution and light phase outlet purity. On the other hand, when 
the casing is rotating much faster than the impeller, the centrifugal force entraps the 
dispersed phase and pulls both liquids towards the heavy outlet [8]. When the 
difference of the rotational speeds of the impeller and the casing is less than 400 RPM, 
the DCM volume fraction in the extractor increases (the acid volume fraction 
decreases from 0.61 to 0.21, Figure 6.5) causing the DCM to partially short-circuit 
through the acid outlet after this point (see Figure 6.1 – weir 2). Consequently, the 
flow rate at the DCM outlet decreases. The same is reported in the work of Visscher 
et al. using n-heptane as a lighter phase with water [8]. Increasing the rotational speeds 
generates a larger centrifugal field acting on the continuous acid phase and dispersed 
DCM droplets facilitating in phase separation. Increasing the casing rotational speed 
from 1300 to 1400 RPM widens the zone where complete phase separation occurs – 
from the single measured point of the 900 RPM to the 900-1100 RPM range of the 
impeller rotational speed, respectively.  

The rotational speeds define the centrifugal and shear force in the extractor, and thus 
the pressures acting on both liquids. The pressures further influence the interface level 
and the holdup of the phases. Figures 6.5 and 6.6 show the influence of the outlet 
pressures on the volume fraction (liquid levels) in the extractor and thus the outlet 
purity. An increase of the casing rotational speed from 1400 to 1500 RPM increases 
the centrifugal force in the system causing a larger pressure drop of the both phases of 
150 mbar. An increase of the impeller rotational speed from 1000 to 1100 RPM 
decreases the DCM pressure drop between its inlet and outlet. However, the pressure 
drop of the acid phase has the same trend as the change of the acid volume. 
Presumably, increasing the impeller speed from 900 to 1000 RPM creates less 
emulsion due to a lower shear, resulting in an increased pressure drop caused by the 
drag of the formed droplets. A further increase to 1100 RPM decreases the shear 
force even further making larger DCM droplets that express lower drag on the acid 
phase causing the lower pressure drop.  

For the experimental conditions of 1300 RPM casing speed and 1100 RPM impeller 
speed, the DCM outflow is pure while the acid phase outflow is not. The pressure is 
increased at the DCM outlet by a needle valve which shifts the liquid levels and results 
in a complete purity of the acid outlet. This gives an opportunity for extending the 
operating range of this apparatus.  
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Figure 6.4. The phase separation results for the flow rates of 6 mL/s of DCM and 6 mL/s of the acid. A 
complete phase separation creates a zone consisting of black square markers at different combinations of the 

casing and the impeller rotational speeds. 

 
Figure 6.5. The change of the acid volume fraction in the extractor at different operating conditions. The most 

significant change is noticed in case of the 6 mL/s acid flow rate – with decreasing the impeller speed from 1100 
to 1000 RPM, the volume fraction of the acid increases by 0.4. The change of the acid volume fraction follows 

the trend of the acid pressure drop over the extractor (Figure 6.6). 

Incomplete 
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Figure 6.6. The pressure drop per phase over the extractor. Increase of the casing and decrease of the impeller 
rotation speed, both increase the DCM phase pressure drop (measured by PI1 and PI3 in Figure 6.2). The 
pressure drop over the acid phase (PI2 and PI4 in Figure 6.2) determines the interface levels, influencing the 

separation efficiency.  

A twofold decrease of the acid flow rate shifts the zone of the complete phase 
separation towards higher impeller rotational speeds (maximum 300 RPM difference 
in rotational speeds), as shown in Figure 6.7. The zone is also narrower at a 1400 RPM 
casing speed, resulting in complete phase separation for an impeller speed in the range 
from 1050 to 1150 RPM. In this case the acid volume fraction increases for 20-25 mL 
with the increase in the difference of the rotational speeds from 250 to 300 RPM 
(Figure 6.5). A similar trend is followed by the acid pressure drop (Figure 6.6). 
However, the small change in the acid volume fraction influences the outlet purity. 
Less shear force is needed to form the smaller DCM droplets due to a difference in 
flow rates between the phases. The difference of rotational speeds larger than 300 
RPM results in an emulsion exiting the DCM outlet. For differences in rotational 
speeds which are smaller than 250 RPM, DCM leaves through the acid outlet. There 
are probably three zones present in the extractor: a pure acid close to the rim of each 
stage, pure DCM close to the axis of rotation, and an emulsion between the two 
phases (Figure 6.8). For this flow ratio, the emulsion zone is probably larger due to the 
asymmetric flow rate, making the complete phase separation zone narrow. Another 
explanation can be the asymmetric distribution of the phases between the stages of 
the extractor, meaning that the volume fraction of the phases is the largest at their 
inlet stage, gradually decreasing along the extractor (Figure 6.9). The actual case is 
presumably the combination of the two, involving both the asymmetric phase 
distribution along the unit and the large emulsion zone.  
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Figure 6.7. The phase separation results for the flow rates of 6 mL/s of DCM and 3 mL/s of the acid. The 
complete separation zone (consisting of black square markers) is shifted towards higher impeller rotational 

speeds, compared to the results for 6 mL/s flow rate of both phases (depicted as a grey area). The mass transfer 
performance is evaluated at 1400 RPM of the casing and 1050 RPM of the impeller (marked with the white 

dot).  

Figure 6.8. A schematic representation of the phases present in the extractor. Besides the 98 % sulfuric acid 
and DCM, there is an emulsion of DCM in the acid between these two pure phases. This emulsion is formed 
due to the shear force acting on the DCM forming small droplets while the high viscosity of the acid hinders the 

droplets coalescence. The operating conditions effect the amount of emulsion formed, limiting the separation 
efficiency.  

Incomplete 
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Figure 6.9. A schematic representation of the phase distribution per stage of the extractor. A small change in 
the impeller rotational speed causes the incomplete phase separation at the outlets (Figure 6.6). This means that 
the volume fraction of the phases is not equally distributed in all the stages. Both the DCM and the acid occupy 

mostly the stage of the inlet, gradually decreasing in volume fraction along the extractor.  

Mass transfer measurements 

The mass transfer experiments are performed with the DCM saturated with water at a 
6 mL/s flow rate and 3 mL/s 98 % sulfuric acid. As mentioned previously, the 
complete phase separation is achieved at rotational speeds of the casing and impeller 
of 1400 and 1050 RPM, respectively (marked as a white dot in a black square marker 
in Figure 6.7). The steady state water concentration in the DCM phase is 1642 ppm at 
the inlet and 997 ppm at the outlet of the three stage extractor. Using these values as 
an input to the model (equations 6.1-6.3), together with the assumption that 98 % 
sulfuric acid dilutes to 97.5 % (thus CAcid = 0.0158 ppm, see Table 5.1, Chapter 5), 
gives a kLLaLL value of 0.067 s-1 (εDCM = 0.48). Due to high hygroscopicity of the acid, 
the value of the overall mass transfer coefficient thus mainly reflects the resistance in 
the DCM phase. The viscosity of the acid affects the surface area. Nine contacting 
stages make one ideal contacting stage. Since the length of a single stage is 14 mm, this 
gives a height of a transfer unit of 0.126 m, resulting in 7.9 ideal stages per meter of 
the extractor. 
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Due to difficulties in determining the particle size in the non-transparent system, an 
empirical correlation for the prediction of mass transfer coefficients from the work of 
Kumar et al. are used to estimate the mass transfer area [20]. For the dispersed-phase 
mass transfer coefficient for a single stagnant drop, the Sherwood number (Shd = 
kLLd/D) equals 6.54 for long contact times and assuming no resistance in the 
continuous phase (the same approach as used in Chapter 5) [21]. Using this 
approximation, the DCM droplet diameter is 0.8∙10-3 m, which is slightly lower than 
the gap size in the extractor (1 mm). This gives an aLL value of 3700 m2i/m3L, meaning 
that the kLL is larger than 1.8∙10-5 m3L/ m2i∙s. Although conditions in the extractor are 
turbulent, this calculation gives an indication of the interfacial area and the mass 
transfer coefficient of this unit.  

6.5 Conclusions 

By tuning the rotational speeds of the impeller and the casing, complete phase 
separation is achieved at both the DCM and 98 % sulfuric acid outlets. Rotation of 
the casing governs the centrifugal force facilitating in phase separation, while the 
difference in the rotational speeds of the casing and the impeller determines the shear 
force responsible for dispersing DCM into the acid. These two parameters also 
influence the interphase levels in the extractor leading to the pure phases at their 
outlets, even at the halved acid flow rate. Going to higher rotational speeds widens the 
complete phase separation zone. 

The value of 0.067 m3L/m3R∙s for kLLaLL is obtained for 6 mL/s flow rate of DCM 
and 3 mL/s of the acid at the casing and impeller rotational speeds of 1400 and 1150 
RPM, respectively. This value is more than 6 times higher compared to packed 
columns [5], more than 2.4 times higher than for rotating disc column [5] and 1.8 
times higher than settler-mixer equipment [6]. The height of a transfer unit (HTU) is 
0.126 m giving 7.9 stages per meter. In this perspective, the three stage spinning disc 
extractor performs better than other centrifugal extractors, i.e. CINC and Rousselet-
Robatel that have 1.9 and 6.4 stages per meter, respectively [8,9]. Mixing and 
separation are adjusted independently of each other, demonstrating the versatility of 
the spinning disc extractor compared to the previously mentioned centrifugal 
extractors that increase both the centrifugal and shear force. In addition, a high mass 
transfer together with a small volume (104 mL per stage), makes a rotor-stator 
spinning disc extractor an excellent alternative for mass transfer limited counter-
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current liquid-liquid processes. Increase of the number of stages leads to a tunable 
residence time without influencing the mass transfer performance. Additionally, 
regulating the back pressures leads to an additional degree of freedom in operation, 
giving the possibility to tune the separation efficiency. 

6.6 Nomenclature 

Latin symbols 

aLS interfacial surface area, m2/m3 

C water concentration in DCM, ppm 

Ceq equilibrium water concentration in DCM, kmol/m3   

Cin inlet water concentration in DCM, kmol/m3  

Cout outlet water concentration in DCM in the third (last) CSTR in series, kmol/m3 

C1 water concentration in DCM in the first CSTR in series, kmol/m3 

C2 water concentration in DCM in the second CSTR in series, kmol/m3 

ceq equilibrium water concentration in the concentrated sulfuric acid, kmol/m3   

cin inlet water concentration in the concentrated sulfuric acid, kmol/m3  

cout outlet water concentration in the concentrated sulfuric acid in the third (last) 
CSTR in series, kmol/m3 

c1 water concentration in the concentrated sulfuric acid in the first CSTR in 
series, kmol/m3 

c2 water concentration in the concentrated sulfuric acid in the second CSTR in 
series, kmol/m3 

f water fugacity in different phases, Pa 

kAcid acid liquid-liquid mass transfer coefficient, s-1 

kDCM DCM phase mass transfer coefficient, s-1 

kLL overall liquid-liquid mass transfer coefficient, s-1 

kLLaLL mass transfer rate, m/s 

m particion coefficient, m3/ m3 
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p water partial pressure, Pa 

Vstage volume of the single stage, mL 

x water mole fraction, - 

Greek symbols 

γ water activity coefficient, - 

ΦAcid concentrated sulfuric acid volume flow rate, m3/s 

ΦDCM DCM volume flow rate, m3/s 
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Chapter 7 
Process design and comparison of drying alternatives 

7.1 Abstract 

This chapter presents the design and energy demand of different chlorine drying 
alternatives. The processes are based on the experimental and modeling results 
presented in the thesis, covering adsorption, crystallization, co-current and counter-
current liquid-liquid extraction. All alternatives are based on the high pressure chlorine 
production (above 8.4 bar), which provides significant benefits in the view of lower 
volumetric flow (and thus longer residence time or smaller equipment). Compared to 
the conventional chlorine gas drying, the energy demand is three times less. 
Additionally, pressurized chlorine gas is easily liquefied at ambient temperature, 
leading to even lower water content due to its low solubility in the liquid chlorine. A 
multistage spinning disc extraction decreases the sulfuric acid consumption needed for 
liquid chlorine drying, offering the possibility of an acid regeneration on a chlorine 
production site instead of storage and shipping. The proposed packed bed adsorption 
process gives an opportunity for chlorine purification besides drying in a sustainable 
manner. Due to heat integration in the intensified spinning disc apparatus, the 
crystallization in a spinning disc apparatus yields the smallest process size, together 
with the lowest energy consumption. Additional optimization of these alternatives 
would lead to even smaller and more efficient chlorine processing. 
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7.2 Introduction 

In this chapter the results from previous chapters are conveyed into conceptual 
process designs. The main conclusions from experiments with DCM are used to 
calculate the energy demand and the size of the equipment for different chlorine 
drying alternatives. The basis for all alternatives is chlorine production of 1 kg/s at a 
pressure higher than 8.44 atm. At this pressure, chlorine is simply liquefied by cooling. 
The liquefaction efficiency depends on the total operating pressure and the content of 
incondensable gases, as shown in Chapter 2. The amount of water in saturated liquid 
chlorine is about 300 ppm, according to the predicted water solubility. This value is 70 
times lower than in the current gas phase atmospheric pressure industrial process 
(about 2 %), thus decreasing the loading on the drying process. Construction materials 
play a key role as well. Smaller equipment can be made out of more chemically 
resistant materials, keeping the capital expenditure low. 

The following section of this chapter shows the design of the current industrial 
chlorine production process. All high pressure alternatives (adsorption, crystallization 
and liquid-liquid extraction drying) are compared afterwards with the current process 
which is downscaled to 1 kg/s of chlorine, operated at atmospheric pressure (all 
percentages are per weight). 

7.3 Downscaled current process 

The current state-of-the-art chlorine production process is schematically depicted in 
Figure 7.1. The electrochemically produced chlorine gas above 85 °C leaves the 
electrochemical cell at a pressure slightly above 1 atm. It is saturated with water vapor, 
which makes 25 % of the 1.33 kg/s gas flow rate. Water is condensed above 13 °C in 
a titanium heat exchanger. Below 13 °C the water content in the vapor is too low to 
create a passive titanium-oxide layer, which is the prime reason for titanium’s 
resistance to wet chlorine [1,2]. Without the protective layer, titanium reacts 
exothermally with chlorine [3]. The heat released evaporates the formed titanium-
chloride revealing fresh titanium layers for corrosion. Eventually this can lead to a 
chlorine fire. For this reason, the water vapor pressure cannot decrease below 15 mbar 
when using titanium. 

The plate heat exchanger condenses the water vapor from the chlorine gas with 
chilled water at 18-20 °C. Based on the conservative heat transfer coefficient value of 
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500 W/m2∙K [4], the area needed for heat exchange is 55 m2. The main part of the 650 
kW total duty is water condensation (99.6 %). The plate width of 0.35 m and length of 
0.75 m leads to 230 plates being required. This gives the size of the titanium heat 
exchanger of 0.36 m3.  

The condensed water is then de-chlorinated and discharged rather than re-used in the 
brine circuit since even the smallest contaminations pollute the membrane [5]. The 
chlorine released from the water is neutralized with caustic soda to produce bleach. 

The chlorine gas now contains about 2 % of water vapor, so stainless steel is still not a 
suitable material. Water needs to be removed to below 10 ppm in the chlorine gas by 
highly hygroscopic concentrated sulfuric acid (96-98 %). This is done in a reinforced 
PVC column with a glass wall which is packed with 25 mm PVC Rachig rings for 
counter-current gas-liquid contact. Following the criteria from literature [6], process 
parameters give an absorption column diameter of 0.6 m. Based on the mass transfer 
correlations [7], the number and height of transfer units are calculated, resulting in a 
1.45 m column height and thus 0.3 m3 volume. The choice of packing with the 
packing height yields 0.18 bar pressure drop. The pressure drop is governed by the gas 
phase through flow rate while the mass transfer is limited by the viscous liquid phase. 
The sulfuric acid is diluted from 98 % (0.13 kg/s) to 85 % in this calculation. 
However, the acid is diluted to 75 % in the industrial process because of the lower 
acid flow rate. To obtain proper wetting of the packing in this case, the acid from the 
bottom of the column is recirculated back to the top where it is cooled to remove the 
heat of dilution, and is mixed with fresh acid. Some columns consist of trays on top of 
a packed part where 98 % acid removes the traces of water from the gas before being 
mixed with the cooled recirculated 75 % acid at the packed bed, decreasing the acid 
consumption. In other cases, several columns in series with different acid 
concentration are used. The acid is not diluted below 75 % because of increased 
corrosion rates at lower concentrations and due to the price of the acid, as the 
depleted acid is sold again [5]. The downscaled process then has to have fresh and 
depleted storage tanks, increasing the size for additional 3.25 m3 and 4.75 m3 per day 
of storage, respectively.  

After the concentrated sulfuric acid drying step, the chlorine gas finally contains less 
than 10 ppm of water. At this water content, stainless steel can be used as a material 
for equipment construction, decreasing the costs compared to titanium and plastic 
composite equipment. The chlorine gas is consecutively compressed in two stage 
compressor with intermediate cooling. Liquid ring stainless steel compressors are 
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used, which are already expensive even without noble metal body. Concentrated 
sulfuric acid is the liquid sealing medium in the compressor. For the gaseous chlorine 
flow rate of 0.33 m3/s and the compression ratio needed (from 1 atm to above 8.44 
atm), the size of a two stage compressor is 0.8 m3 [8]. The compressed gas is liquefied 
in a stainless steel plate heat exchanger. Calculated in the same manner as for the 
water condensation, the chlorine condenser size is 0.14 m3. The energy needed for 
compression and liquefaction is 105 kW and 275 kW, respectively. Due to the 
presence of incondensable gases produced in the electrochemical cell, uncondensed 
chlorine (less than 1 %) is neutralized in the vented gas exiting the liquefaction step. 1 
kg/s of liquid chlorine containing less than 10 ppm of water can now be safely 
transported in the stainless steel tubing to the consumer as long as the velocity is 
lower than 2 m/s [3].  

Summing up all the sizes yields a total of 1.6 m3 for the equipment and 7 m3 for the 
acid storage per day. The acid storage depends on the shipments (on a daily, weekly or 
monthly basis) and consumes proportionally more space. The calculated energy 
consumption is 1 MW per kilogram of dry chlorine, which agrees with literature [5]. 
The materials are the same as in the current industrial process. Wet chlorine gas is 
transported in reinforced plastic tubing, while dry chlorine gas and liquid is 
transported in stainless steel piping. 

The current electrochemical cells operate at near atmospheric pressure mainly due to 
safety reasons, so a compact high pressure cell was developed within the other part of 
the SPINCHAL project [9].  An increase in the electrochemical cell operating pressure 
results in a lower water content in the produced chlorine gas, thus decreasing the duty 
and size of the water condenser. A lower volumetric flow rate further decreases the 
size of the absorber. Furthermore, a higher production pressure decreases the 
compression ratio needed and thus the compressor energy and size. It also allows for 
new opportunities for chlorine processing, which are compared to the downscaled 
current industrial process in the following paragraphs. 
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7.4 Adsorption alternative 

The chlorine drying process starts with the gas produced in the high pressure 
electrochemical cell (Figure 7.2). An arbitrarily 9 bar operating pressure is chosen, 
while the cell temperature is assumed to be the same as for the current industrial 
process (85 °C). The water content in the gas is 1 %, which is 25 times lower 
compared to the normal process. Since the operating pressure is above the quadruple 
point, cooling the gas below 33 °C condenses both the water and chlorine. The 
chlorine liquefaction efficiency is a function of the operating pressure and content of 
the incondensable gases – which are both dependent on the performance of the 
electrochemical cell. A lower water content decreases the duty to 375 kW and thus the 
size of the plate heat exchanger to 0.17 m3. The outlet temperature is above 28.3 °C to 
avoid hydrate formation. Separation of the liquids and gas follows. The use of the 
newly developed spinning disc heat exchanger could integrate condensation and 
separation in the centrifugal field, leading to an even smaller size of the apparatus [10]. 
The construction material is tantalum, resistant to wet chlorine [1,2]. The condensed 
water is re-saturated with the salt and reused as brine feed while the uncondensed 
vapor is treated before venting.  

Liquid chlorine saturated with water (300 ppm) enters the adsorption packed bed 
column. The first step in the adsorptive drying of chlorine is the choice of a suitable 
adsorbent. The adsorbent selection criteria are: the capacity, selectivity, regeneration, 
kinetics, durability and cost [11]. Cheaper adsorbents (i.e. silica gel and activated 
carbon) have a large water capacity but only at higher water partial pressures. A low 
water content in chlorine could thus not be achieved with these adsorbents [12]. In 
addition, chlorine competes for adsorption on activated carbon due to its large pores 
[13]. Although more expensive, molecular sieves are characterized as desiccants of 
choice due to their tunable properties [14]. Their water capacity at lower water partial 
pressure is large enough so that less than 10 ppm of water in chlorine can be reached. 
Furthermore, due to size exclusion, chlorine does not penetrate the micropores and 
cannot compete for adsorption. This size-sieving characteristic is important if other 
impurities from the chlorine stream are to be adsorbed [15].  

For simplicity reasons, the same molecular sieves of 3 Å are chosen for the adsorption 
process design as described in the Chapter 3. The molecular size of DCM is governed 
by the two bulky chlorine molecules. Since DCM did not influence the water 
adsorption equilibrium on the 3A molecular sieves, the pure water vapor isotherms 
are used for the description of the adsorptive chlorine drying. A NRTL model with 
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parameters from the Chapter 2 is used in the calculations. The macropore and surface 
diffusion of 2 mm particles define the packed bed performance, using the developed 
packed bed model with chlorine properties. Since heat transfer limits desorption an 
external bed heating is assumed. 115 kg of molecular sieves results in an 8.2 h 
adsorption cycle time. The diameter of the packed bed is 0.23 m giving a higher 
superficial velocity than in the experiments which is accounted for in the mass and 
heat transfer correlations. Smaller adsorbent particles would decrease the diffusion 
resistance and improve the process. However, the upward liquid chlorine velocity 
(0.018 m/s) is close to the particle minimum fluidization velocity (0.021 m/s). In that 
case, the diameter of the bed should be increased to decrease the chlorine velocity, 
which would further increase the height of the bed according to the design criteria 
(equations 3.38-3.39, Chapter 3). A column height of 4.6 m agrees with the design 
rules resulting in the same residence time as for the experimental setup. The total 
volume is 0.38 m3 for the two alternating beds (0.19 m3 per 115 kg bed). These beds 
are made out of material resistant to both wet and dry liquid and gaseous chlorine at 
high temperatures. Potential temperature shocks when switching from the adsorption 
to desorption cycle, and vice versa, eliminate glass and ceramic materials which are 
susceptible to cracking. The chemical resistance and material properties of plastics also 
deteriorates under a chlorine atmosphere at elevated temperatures. The only metal 
resistant under these conditions is tantalum (up to 150 °C) which limits the desorption 
temperature [2]. Since tantalum is an extremely expensive material (420 times more 
than stainless steel, and 15 times more than titanium), other alternative could be a thin 
coated layer of tantalum on the substrate surface [16].  

However, a bed diameter which is larger than the experimental one will result in a 
radial bed temperature profile during desorption with external heating. The 
temperature of the bed will be higher at the wall than in the center, affecting the 
desorption efficiency. A multi-tube packed bed provides improved heat transfer 
performance. This comes at a cost – manufacturing is more complex demanding more 
body material and a pressure drop should be equal over all tubes to obtain a proper 
fluid distribution. Using 275 tubes of 0.035 m diameter to facilitate 105 kg of 
molecular sieves gives a volume of 0.3 m3 for 0.7 m height (total of 0.6 m3 for two 
alternating beds). This gives an area of 21 m2 for heat transfer which needs to be 
chemically resistant. Keeping the material limitations in mind, a simpler packed bed 
(chemically resistant internal area of 0.5 m2) is more acceptable solution for the 
industrial application, adjusting for the bed radial temperature gradient. 
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The Ergun equation gives 0.23 bar pressure drop for the liquid phase (adsorption) and 
a maximum of 0.59 bar for the vapor phase (desorption). The assumed desorption gas 
temperature is 100 °C while the actual temperature is lower due to the energy supplied 
for desorption. Also, the consumption of the chlorine vapor for regeneration can be 
optimized using the external bed heating. A lower desorption vapor consumption 
decreases the gas velocity and thus the pressure drop. A larger bed diameter would 
have the same effect. The stainless steel pump for dry chlorine exiting the adsorption 
bed delivers the energy to subsequently evaporate chlorine to overcome the pressure 
drop during desorption. The stainless steel plate heat exchanger of 0.07 m3 evaporates 
dry chlorine for desorption, which exits the bed saturated with water vapor. This 
stream is combined with wet gaseous chlorine from the electrochemical cell which is 
then recondensed again, closing both the water and chlorine loop. 

Liquid chlorine exits the adsorber containing less than 10 ppm of water. Part of the 
stream (30 %) is used for desorption while the rest is transported in a cast steel piping 
to the consumer or storage.  

The total volume of the equipment is 0.62 m3 with an energy demand of 330 kW per 
kilogram of dry chlorine. This is at least 2.6 times lower in size and 2.9 times lower in 
energy compared to the current industrial process, not including the acid storage. The 
main energy savings are due to a lower water content in the produced gas and a low 
water solubility in the liquid chlorine. Also, a lower volumetric flow rate of liquid 
chlorine leads to smaller equipment requirements compared to the gas phase. The 
benefit is also a lack of the sulfuric acid storage. However, frequent cycle switching 
influences the attrition of the adsorbent and decreases its capacity over time. The cycle 
time and the size of the packed bed therefore need to be optimized. Since packed 
beds are the most expensive part, primarily due to the material choice, more material 
research under these conditions is required.  
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7.5 Crystallization 

As in the Chapter 3, the drying process with the hydrate crystallization produces 
chlorine gas at a pressure of 9 bar (Figure 7.3). Similarly, the wet gas with the same 
composition is condensed in a titanium plate heat exchanger. However, its size is 
slightly smaller (0.15 m3) than in the previously described adsorption alternative, due 
to a smaller mass of hydrates which are recirculated after the crystallization. These 
factors explained in the following paragraphs.  

The rest of the process following the chlorine condensation is thoroughly explained in 
Chapter 2. The only difference is the temperature needed to obtain 10 ppm of water (-
33 °C) instead of 40 ppm, which is calculated to the hydrate solubility in liquid 
chlorine. The most important feature of this process is the heat integration and the 
chlorine hydrate formation at low temperatures without the adherence to the heat 
exchange surface. The experimental results of Chapter 2 show that supercooling plays 
a dominant role in the hydrate formation process. Thus the temperature difference of 
61.3 °C (from 28.3 °C to -33 °C) provides a sufficient driving force for the hydrate 
formation. The rotational speed governs the heat transfer and the crystal size. Under 
optimal conditions, 55 RSSD crystallizer stages remove 300 mg/s of water from liquid 
chlorine in the form of hydrates. Dividing the stream into each stage gives a residence 
time of 6.5 s for the total size of 0.03 m3. The formed hydrates are separated from dry 
chlorine at the outlet of the RSSD crystallizer and combined with the wet chlorine gas 
from the electrochemical cell. Before storage or consumption, due to its low 
temperature, dry liquid chlorine is reused for the heat integration in the cooling 
channels of the RSSD crystallizer. An external cooling unit supplies the energy for the 
hydrate crystallization and a heat loss at -33 °C. The low temperature results in a large 
cooling unit – 0.32 m3 in case of Lauda SUK 150 W/L(Ex) [17]. However, the benefit 
of the low temperature is the possibility of using Hastelloy C as a body material, due 
to a low corrosion rate [1]. This decreases the price 150 times compared to tantalum. 

The size of the hydrate drying process is 0.7 m3 with the energy consumption of 310 
kW per kilogram of dry chlorine. This is 2.3 times smaller than the current industrial 
process and 3.2 times less energy demanding (per kilogram of dry chlorine), without 
the acid storage. The use of the newly developed rotor-stator spinning disc heat 
exchanger decreases the size even further due to a higher heat transfer coefficient 
being obtained. Also, since the heat transfer surface rotates, adherence of the hydrate 
is minimized. Using this heat exchanger instead of the plate heat exchanger for 
condensation reduces the size even further. The condensing unit and the crystallizer  
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are mounted on the same shaft and exploit the centrifugal force for liquid chlorine-
water and liquid chlorine-hydrate separation (Figure 7.4). However, the main space 
consuming part remains the cooling unit.  

  

Figure 7.4. Process intensification and integration using spinning disc heat exchanger with the rotating heat 
exchange surface (dark grey) Both chlorine and water condensation and chlorine hydrate formation are performed 

on a single shaft, with a phase separation using centrifugal force. Due to the efficient heat transfer and use of 
chlorine low temperature, only energy hydrate formation needs to be supplied, together with the energy of 

condensation.   

7.6 Sulfuric acid drying 

Similar to other high pressure alternatives, liquid chlorine exits the plate heat 
exchanger – condenser (Figure 7.5). Liquid chlorine can be dried using concentrated 
sulfuric acid, as in the current industrial process which is in a gas phase. Low solubility 
of water in liquid chlorine of only 300 ppm decreases the amount of concentrated 
sulfuric acid needed for drying 70 times compared to the gas phase drying, enabling 
the acid regeneration to be carried out at the production site. Due to a high 
hygroscopicity of the concentrated sulfuric acid, co-current drying in the spinning disc 
equipment is a possibility.  

Chapter 5 investigates the drying of DCM with 98 % sulfuric acid. The co-current 
contact in the SDR unit yields the overall liquid-liquid mass transfer coefficient of 
0.074 s-1. 8 stages are needed for a 7.5 mL/s flow rate, assuming the same mass 
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transfer performance with the lower acid flow rate of 1.2 g/s. Thus, the model 
calculates that 800 stages are required to dry 1 kg/s of liquid chlorine (752 mL/s 
divided over 100 units of 8 SDR stages) below 10 ppm of water. The total size of the 
unit is 1.42 m3. However, this value is based on the experimental results and can still 
be optimized. The asymmetric flow ratio results in a higher acid holdup however 
higher rotational speeds are needed to obtain a higher overall mass transfer. This leads 
to an emulsion of DCM in sulfuric acid hindering the following separation step. Also, 
the acid dilution generates about 400 W of heat in the first few stages. The 
temperature of the acid rises and heats up the liquid chlorine for 0.5 °C, and locally 
probably more. An increase in fluid temperature makes the material choice even more 
challenging.  

A counter-current contact is usually preferred since it results in an equal driving force 
along an apparatus and thus fewer stages. In chapter 6 DCM is dried with 98 % 
sulfuric acid in the counter-current MSDE unit. Assuming the same performance in 
case of liquid chlorine drying with sulfuric acid as for DCM, the modeled number of 
stages is a 1250 for 1 kg/s flow rate. This gives an extractor volume of 1.25 m3. By 
tuning the rotational speeds of the MSDE unit and phase outlet pressures, complete 
phase separation is achieved at this asymmetric flow rate, as explained in Chapter 6. 
Company FlowID is putting an effort to improve the design and to scale-up the size 
of the MSDE stage [18]. Together with the optimization of the MSDE unit in regard 
to a maximum throughput, this leads to a decrease in the size of the future apparatus 
to below 1.25 m3. Due to counter-current contact, the heat of the acid dilution is 
evenly spread throughout the stages. The material of choice for contact with dry and 
wet liquid chlorine and sulfuric acid (75-98 %) is tantalum [1,2], or tantaline coating of 
the internals [16].  

Dry chlorine is ready for use. However the acid flow rate is only 1 g/s, which is 130 
times smaller than for the current state-of-the-art process. The low flow rate enables 
the depleted acid (75 %) regeneration to be carried out on the chlorine production 
site. Spent acid is depressurized to 1 bar and preheated (with the regenerated acid) 
before entering the distillation column at the second tray in Pauling-Plinke process 
[19]. Rising vapors strip water and chlorine from descending sulfuric acid. 75 % 
sulfuric acid has the lowest solubility of chlorine – being 1.5 g/dm3 [5]. The reboiler 
temperature is above 330 °C in order to reach the azeotrope acid concentration of 
98.3 % [19]. After the reboiler, the concentrated acid at 9 bars and preheats the diluted 
acid, before being in contact with liquid chlorine. On the top of the column, the water 
vapor is condensed after which the pretreatment follows due to dissolved sulfuric acid 
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and chlorine. The column body material for concentrated acid contact at this 
temperature is silicon iron, with the corrosion rate of 8-10 mm per year [19]. The 
calculated number of stages is 7, with the column diameter of 0.1 m and height of 0.75 
m. Thus the distillation column occupies 0.01 m3 of space and consumes 2 kW of 
energy, eliminating the need for the acid storage (which is 0.12 m3 per day for this 
flow rate).  

Based on the counter-current extraction, due to its benefits, the size of this process is 
1.4 m3 with the total energy consumption of 315 kW per kilogram of dry chlorine. 
The size reduction is only 10 % in comparison to the current industrial process. This 
does not include the acid storage of 7 m3/day, which significantly affects the size of 
the industrial process. The clear advantage is the phase separation at asymmetric 
flows, decreasing the amount of acid needed and enabling its regeneration on the 
production site. Optimization of the MSDE unit leads towards a smaller extractor 
size.  

7.7 Conclusions 

Table 1 summarizes all alternatives for the drying of chlorine. Each proposed process 
has its benefits. 

Table 7.1. Comparison of all proposed alternatives. 

Alternatives Size, m3 Energy demand, 
kW/kgchlorine 

Material Pros Cons 

Current 
industrial 
process 

1.6 (+ 7 
for acid 
storage) 

1000 As is 
(known) Optimized Acid storage, 

compressors 

Packed bed 
adsorption 0.7 330 Tantalum Simple Desorption 

temperature 

Counter-
current 

sulfuric acid 
drying 

1.4 315 Tantalum Versatile, 
tunable 

Acid 
regeneration 

Hydrate 
formation 0.7 310 Hastelloy No drying 

medium Cooling unit 
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The current industrial process is well known, improved and optimized over the past 
decades, while the new alternatives still have to demonstrate their maximum 
performance. Nevertheless, clear advantages are the choice of materials which are 
cheaper and proven during the years of service. The leading drawbacks are large 
compressors and the storage of sulfuric acid. These two factors determine the size of 
the process, occupying 91 % of the total size. The amount of water in chlorine gas 
affects the energy demand and the size of the water condenser. Also, contaminants 
from the sulfuric acid can end up in chlorine. 

However, sulfuric acid is (currently) cheaper than many other desiccants, such as 
molecular sieves. The main advantage of molecular sieves is the ability to regenerate 
on the production site, together with potential adsorption of other pollutants from the 
chlorine. Adsorption is present in the industry since the 19th century, so it can be 
designed and optimized rather easily. Frequent switching between the cycles leads to 
deterioration of the molecular sieves. This can lead to the contamination of chlorine 
with the adsorbent powder. The bottleneck is desorption in combination with material 
restrictions. Tantalum as a material of choice is suitable up to 150 °C. A cheaper 
option is the use of a tantaline coating, but its resistance towards temperature shocks 
has to be tested. Perhaps certain ceramic materials, such as silicon carbide [2] can be 
an option taking care that temperature shocks do not occur. Energy demand is less 
due to lower water content in the electrochemically produced gas.  

An emerging extraction alternative which operates at high pressure is represented by 
the spinning disc technology. The performance of the MSDE unit shows remarkable 
results in the experimental systems. Tests in the real process need to be done to 
evaluate and optimize the process. Decreasing the number of spinning disc units is the 
main goal, to decrease the size but also the energy needed for rotation. The high 
pressure operation decreases the acid consumption and enables its regeneration on the 
production site. Again, the problem is the material choice, which increases the price of 
the whole process. Tantalum is the prime choice, but different ceramic materials or 
coatings such as silicon carbide can be used due to a constant temperature. The 
question is the resistance of these materials to erosive corrosion caused by a rapid 
rotation. Chlorine and sulfuric acid also challenge the sealing materials – their 
chemical resistance has to coincide with the material’s properties. Current (static) seals 
are optimized for the current industrial process, which are different than that for 
rotating equipment. Thus a few iterations are needed before the suitable sealing 
materials are found. The energy consumption per kilogram of dry chlorine is less than 
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in the current industrial process but the high temperatures needed for acid 
regeneration can represent as challenge of the fuel storage.   

The hydrate formation alternative represents a neat way of water removal. Low 
temperatures also enable the use of Hastelloy. Again the challenge is the sealing 
material for the rotating equipment. Since different guest molecules affect the hydrate 
formation, an additional step before the industrial application is required to test the 
new heat exchanger with the rotating surface for the chlorine hydrate formation. In 
this process the risk of chlorine pollution with a drying agent is minimized. This 
alternative requires the least amount of space and energy, and uses cheaper materials. 
The cooling unit consumes the most space, and should be optimized, possibly by 
using the chlorine cooling process.  

To summarize, the current industrial process is the best option from a production 
point of view, provided that the space is not an issue and the price of the acid is low 
(together with the oil prices for the shipping costs). The next recommendation based 
on the production viewpoint is an adsorption alternative, due to its long presence in 
the chemical industry and simplicity. Sulfuric acid drying in the spinning disc extractor 
needs to be additionally optimized before industrial implementation. However, the 
spinning disc technology represents the present of process intensification and the 
future of chemical engineering. From the process development viewpoint the hydrate 
formation alternative is the most promising one in regards of the size, energy and 
materials. Its optimization leads to even greater benefits. The challenge with all the 
alternatives is the higher pressure operation. However, small intensified units can be 
developed that can safely withstand elevated pressures. Additionally, the process can 
be placed in a pressurized container to minimize the stress acting on the seals and 
equipment while localizing the potential leaks or hazards. 
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Chapter 8 
Conclusions & Outlook 

The Information Age brings radical changes in all parts of life, altering the way people 
think, their needs and demands, leading to new technologies and products, and thus 
production processes. Also, more strict health, safety and environmental regulations 
are an anticipated evolutionary step in the development of the human society. Many 
old processes dating from the age of Industrial Revolution, such as chlor-alkali, are 
reinvented and thoroughly alternated towards a sustainable, intensified and distributed 
production. This thesis covers the research on the intensification of chlorine 
processing, as a part of the SPINCHAL project leading to a novel, distributed and 
compact chlor-alkali production process. The proposed alternative solutions, covering 
adsorption, liquid-liquid extraction and crystallization, are based on the high pressure 
electrochemical chlorine production process showing promising improvements in the 
process efficiency and a decrease in equipment size. All experimental investigations 
consider the DCM drying as a model for the chlorine process.  

In order to accurately convey the tested DCM drying studies into the high pressure 
chlorine processing, the NRTL model is used for the thermodynamic description of 
the DCM-water and chlorine-water systems. A large miscibility gap leads to the 
activity coefficients above 150 (at 20 °C), demonstrating a positive deviation from the 
Rault’s law in both the DCM-water and chlorine-water systems. The mutual solubility 
at different temperatures gives the parameters for the NRTL model. However the 
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prediction of the temperature effect on the activity coefficients from the mutual 
solubility data at a single temperature proved difficult. These temperature dependent 
activity coefficients are used in different calculations throughout the thesis, i.e. 
demonstrating a chlorine liquefaction efficiency above 99 % for conditions of 13 bar, 
30 °C and 0.1 vol. % of incondensable gases. The accurate thermodynamic 
representation depends on the reliability of the mutual solubility data, from which the 
temperature dependent NRTL parameters are extracted. This is not an issue for the 
DCM-water system, since it is well known and could be also easily measured.
However, the liquid chlorine water content is not experimentally known and relies on
calculations that are only as good as their assumptions. The same holds for the
solubility of chlorine in water at higher pressures, since it represents an extrapolation
of the measurements at the atmospheric conditions. This stresses the necessity for
experiments to be conducted to determine the mutual solubility of chlorine and water
at elevated pressure at two temperatures.

Adsorption is a well established technology in the chemical industry, so it can be 
designed and optimized rather easily. The advantage for the use molecular sieves is the 
ability to regenerate on the production site, and also the potential adsorption of other 
pollutants. The packed bed adsorption drying with the molecular sieves shows great 
promise in the drying of DCM but also liquid chlorine. The intraparticle resistances 
limit the water adsorption step, so smaller particle size would be beneficial although at 
the expense of increasing the pressure drop. The external heat transfer limits the bed 
regeneration with superheated dry DCM vapor. The desorption step can be optimized 
further by tweaking the external heating duty, the purge vapor flow rate and the 
regeneration temperature (within the material constraints). The experimental results 
are accurately described by plug flow with the axial dispersion model for the fluid 
phase, although complex regeneration represented a challenge. This model is extended 
for the drying of chlorine, however could be improved by more in-depth modeling of 
the occurring phenomena (i.e. vapor condensation during desorption). The bottleneck 
for chlorine application is the desorption step in combination with the material 
restrictions. Tantalum as the material of choice for both a dry and wet chlorine 
environment is suitable up to 150 °C but potentially some new ceramic materials, such 
as silicon carbide, could be an alternative. The energy demand of the high pressure 
chlorine drying process is less due to lower water content in the electrochemically 
produced gas, and could be further optimized. In addition, more than two beds used 
would utilize the adsorbent use. This sustainable novel process excludes emissions of 
the treated liquid (DCM, chlorine or other) to the environment during the desorption 
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step, and does not use any additional purge gas that would require further 
purifications before venting. In this sense, this green process can be used for the 
adsorption drying of other liquids which are immiscible with water, such as 
chloromethanes, cyclohexane, heptane, hexane, toluene and others. Additionally, other 
pollutants (besides water) can be removed from the liquid by using the appropriate 
adsorbent in this process, as suggested in the patent WO 2016/075033 A1. 

The ability of different compounds to form clathrate hydrates with water is a nuisance 
that can be exploited in separation processes, such as desalinization. DCM and 
chlorine both form solid hydrates with a decrease of temperature and thus the water 
solubility. The executed experiments show that hydrates form on the heat exchange 
surface. Commercialization of the hydrate separation processes depends on the 
development of heat exchangers that can continuously remove adhered formed 
hydrate crystals inhibiting the apparatus blockage. It has been experimentally verified 
that these sticky crystals are sheared off from the heat exchanging surface in the 
turbulent conditions of the rotor-stator spinning disc contactor. Additionally, this 
research shows that the mass transfer is the hydrate formation’s limiting step, which is 
significantly improved with a rotational speed increase above 500 RPM (for the flow 
rates covered in this thesis). The high heat and mass transfer facilitate the hydrate 
formation, while the centrifugal force caused by the disc rotation opens a possibility 
for the phase separation. The low temperatures have a positive effect on the hydrate 
formation (due to the increased supercooling) but also decrease the corrosion rates, 
facilitating the materials choice for the chlorine drying. The heat integration leads to 
further savings by decreasing the cooling duty. Additionally, the processed chlorine is 
not contaminated by drying agents, e.g. sulfuric acid or zeolite. Compared to the other 
alternatives, the hydrate drying option yields the lowest process size. The intensified 
design of this apparatus with a rotating heat exchange surface reduces hydrate 
adherence, improves heat transfer performance and potentially decreases the unit 
volume. Further investigations are needed for the evaluation of this heat exchanger, 
and its potential for separating the formed hydrates from the dry liquid. For an 
accurate description of these phenomena and thus a better understanding, more in-
depth modeling is required, which is difficult for the turbulent multiphase systems. 
Besides the mentioned desalinization and water purification methods, other 
opportunities for exploitation of the clathrate hydrates are in liquids miscible with 
water, using a gas (such as CO2 or lower hydrocarbons) as a hydrate former for water 
removal from i.e. azeotropic mixtures. The rotor-stator spinning disc contactor 
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exhibits excellent mass and heat transfer performance due to high turbulence caused 
by the disc rotation, making it a very versatile process intensification unit.  

The performance of the spinning disc apparatus makes it an ideal candidate for other 
multiphase separation processes, besides crystallization, such as liquid-liquid 
extraction. For drying purposes, a suitable solvent for the liquid-liquid extraction 
drying has to be immiscible with the wet liquid while having a high affinity towards 
water (i.e. concentrated sulfuric acid). Due to the sulfuric acid’s high hygroscopicity, 
only a small amount of the acid is required for obtaining the ppm-level dry DCM and 
chlorine, leading to the asymmetric flow rates of the two liquids. The performed 
experiments of the co-current DCM drying with the concentrated sulfuric acid 
demonstrate the acid holdup above the acid flow ratio. The acid holdup even increases 
with the increased asymmetry between the two flow rates. The overall liquid-liquid 
mass transfer coefficient increases exponentially with the rotational speed, yielding 
values up to 0.074 1/s, higher than those reported in packed columns, rotating disc 
columns and even settler-mixers. For chlorine drying, even less concentrated acid is 
needed due to the lower chlorine water content compared to DCM. The high acid 
holdup leads to the utilization of the acid consumption, leading to a potential acid 
regeneration at the chlorine production location. Small stage volume makes the rotor-
stator spinning disc contactor an excellent alternative for mass transfer limited co-
current liquid-liquid processes. An increase of the number of stages leads to a tunable 
residence time without influencing the mass transfer reactor performance. Scale-up by 
scale-out is preferred, due to the significant increase of the dissipation energy with the 
disc radius. However, these scale-up rules are also present in literature offering 
customizable equipment. Additionally, the generated centrifugal force can be used for 
separation of the two liquid phases.  

An increase of the disc rotational speed also increases the shear force acting on both 
liquids in the rotor-stator spinning disc contactor. Beside its benefits (i.e. intense 
mixing, heat and mass transfer, high shear force results) an emulsion is still formed. 
This is an essential characteristic of the RSSD contactor for the liquid-liquid systems 
that have a low interfacial tension. In the case of the DCM-sulfuric acid system, 
emulsion of DCM in the acid occurs at rotational speeds above 1000 RPM. 
Commercially available centrifugal extractors increase the shear force together with an 
increase in the centrifugal force needed for separation. This expresses the need for a 
counter-current extractor with tunable shear and centrifugal force. Such an extractor, 
named the MSDE is investigated in Chapter 6. The mixing and separation of the two 
liquid phases are adjusted independently of each other demonstrating the versatility of 
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the multi-stage spinning disc extractor compared to other centrifugal extractors. 
Rotating the casing and the impeller at different rotational speeds, adjusts both the 
shear and centrifugal forces acting on the liquids leading to a continuous counter-
current operation with complete phase separation. Higher rotational speeds and 
higher acid flow rates widen the complete phase separation zone. The complex 
interaction of these forces affects the liquid holdup which is interconnected to the 
pressure drop of the liquid phase over the extractor inlet and outlet, which could lead 
to easier process regulation. The overall mass transfer coefficient of 0.067 1/s is 
higher compared to packed columns and a rotating disc column, yielding a height of 
the transfer unit of 0.126 m. The MSDE decreases the chlorine drying process size 
and the acid consumption, enabling its regeneration in small equipment at a remote 
chlorine production site. The material selection needs to satisfy corrosion resistance 
against both wet and dry chlorine, as well as the concentrated and diluted sulfuric acid, 
leading to an expensive tantalum. However, its performance needs to be optimized for 
the particular application. Also, the high mass transfer together with a small volume 
(104 mL per stage), makes the MSDE an excellent alternative for mass transfer limited 
counter-current liquid-liquid processes. An increase of the number of stages leads to a 
tunable residence time without influencing the extractors mass transfer performance. 
The operating window can be determined even for systems with a large viscosity 
difference and/or a small density difference. Regulating the back pressures leads to an 
additional degree of freedom in the operation, giving the possibility to tune the 
separation efficiency. A special application of the spinning disc apparatus is where 
floor space is limited and/or in no gravity conditions, such as (space) ships. In-depth 
modeling of the occurrences inside the steel “black box” would give better 
understanding of the influence of pressures on the liquid levels in the machine, 
enabling the prediction of the complete separation zones. Hopefully these models 
could give an answer to the liquid distribution along the apparatus as well, details of 
the continuous/dispersed phase, holdups and droplet size. With this information, one 
could extract the mass transfer performance and scale-up rules. There is a motivation 
for the use of higher flow rates and operating the experiments at industrial conditions, 
facilitating the implementation of the apparatus and process on a commercial scale.  

Evaluation of the alternatives clearly shows the benefits of high pressure operation 
over the current chlorine drying process. Large compressors are omitted while the 
volumetric flow rate and thus size of the equipment are decreased. These alternatives 
are also less energy demanding and regenerate their drying mediums (sulfuric acid and 
molecular sieves) on the spot. However, the current industrial process is well known, 
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improved and optimized over the past decades, while the new alternatives still have to 
demonstrate their maximum performance. This is reflected in the cheap material, 
desiccant selection (sulfuric acid) and high level of energy integration in the current 
drying process. The proposed alternatives need to be customized for the chlorine 
production in terms of operating conditions and materials used, especially the high 
pressure seals. One option is that the whole chlorine production process takes place in 
the pressurized a purged vessel, decreasing the pressure difference exerted on the 
seals, while also eliminating the chance of leakage to the environment. Besides the 
demonstrated benefits of the high pressure chlorine electrolysis for chlorine 
processing, it also affects the other parts of the chlor-alkali process. This synergetic 
positive effect motivates further research in this topic but also paves the road for the 
localized distributed production of other chemicals leading to a sustainable future. 
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	0v3
	Summary
	The current chemical industry has been improved and optimized since the development of the first big complexes two centuries ago. However, the time of big centralized production may be behind us. Nowadays, chemical plants are re-invented using process intensification (PI) principles, since the market laws and other regulations are pushing towards an adaptable and versatile distributed production, close to consumers or to raw materials. One of the large industries going through the major overhaul is chlor-alkali production. The electrochemically produced chlorine and caustic soda are the raw materials of different essential commodity products. The chlorine processing consists of drying, compression and liquefaction before shipment and consumption. Phasing out the use of mercury together with the strict chlorine transport regulations provides an incentive for the development of an intensified distributed plug-and-produce chlorine unit. The research presented in this thesis aims to intensify the chlorine processing step of the chlor-alkali technology by developing new alternative processes. 
	For the accurate design of separation processes (i.e. drying by adsorption, liquid-liquid extraction or crystallization), an accurate representation of the system thermodynamics is a prerequisite (Chapter 2). The NRTL model is used for the activity coefficient calculations, as suggested in literature for partially miscible liquid mixtures. The activity coefficient of chlorine in water is accurately predicted as a function of pressure and temperature, using a linear correlation for the energy parameters. The activity of water in chlorine is more difficult to model because of a lack of data. The chlorine-water interaction characterizes the chlorine liquefaction and liquid chlorine drying process. The activity coefficients are used to calculate the liquefaction efficiency of chlorine depending on the total operating pressure and content of incondensable gases. The approach is tested for the activity coefficient calculation of the dichloromethane (DCM) and water system due to the availability of the mutual solubility data. DCM is used in experiments as a paradigm for liquid chlorine due its similarity in size and properties. 
	The adsorption drying of DCM in a packed bed (Chapter 3) is studied. The measured water adsorption equilibrium on molecular sieve 3 A matches the literature data and is accurately represented by the General Statistical Thermodynamic Approach (GSTA) model. The packed bed is adequately modeled as a plug flow reactor with axial dispersion. The molecular sieve particles in the bed are modeled by a pore diffusion and surface diffusion model. The water surface diffusion coefficient is used as a fitting parameter of the model to the experimental adsorption DCM drying breakthrough curves. This model demonstrates that intraparticle diffusion of water is the adsorption rate limiting step. The water saturated bed is regenerated by the superheated DCM vapor. The DCM and water vapor condensation on the particles is the main heat source for the bed heat up. The experiments with the additional external bed heating increases the process efficiency while decreasing the consumption of the DCM vapor and the regeneration time. The cyclic steady state experiments demonstrate the feasibility of this novel drying process.
	Water removal by hydrate formation is to be feasible in a rotor-stator spinning disc (RSSD) crystallizer in Chapter 4. The high shear force acting on the fluid prevents sticky hydrate adherence on the heat exchange surfaces of the RSSD crystallizer, compared to the conventional heat exchangers. Lower crystallization temperatures result in shorter induction times of the DCM hydrate formation and thus faster water removal rates. Higher mass transfer rates at higher rotation speeds have the same effect. Continuous drying of DCM by hydrate formation did not block the spinning disc contactor. The results show that the RSSD heat exchanger facilitates an elegant, energy-efficient water removal process that can be applied to the removal of trace amounts of water from hydrate forming liquids.
	In Chapter 5, an industrial case for the co-current liquid DCM drying with sulfuric acid is investigated in the same spinning disc contactor used for hydrate crystallization. Both an increase in the disc rotational speed and decrease in the total flow rate reduce the acid holdup. The overall liquid-liquid mass transfer coefficient increases with rotational speed, and is 6 times higher than in packed columns. However, above 1000 RPM a stable emulsion of DCM in the acid is formed. 
	This bottleneck could be resolved by the three-stage counter-current centrifugal extractor, which has the ability to independently adjust the centrifugal and shear force by the co-rotating casing and impeller (Chapter 6). A small amount of hygroscopic concentrated sulfuric acid can be used to efficiently dry DCM to a low ppm water content in this counter-current multiple spinning disc extractor (MSDE). The complete phase separation (and thus pure outlets) is obtained by tuning the rotational speeds of the casing and the impeller at different flow rates, and flow ratios. Decreasing the acid flow rate narrows the complete phase separation zone. The acid holdup follows the trend of the acid pressure drop over the extractor, which could help the MSDE regulation. The value of the overall liquid-liquid mass transfer is higher compared to other centrifugal extractors, which increase the centrifugal force at the expense of the increased shear force. The MSDE is a compact versatile unit with the option of extending the residence time without influencing the mass transfer performance.
	Chapter 7 conveys the experimental and modeling efforts into the conceptual chlorine drying process design. All alternatives are based on the high pressure chlorine production (above 8.4 bar), which provides significant benefits in the view of lower volumetric flow (and thus longer residence time or smaller equipment). Compared to the conventional chlorine gas, the energy demand is decreased three times. Additionally, the pressurized chlorine gas is easily liquefied at ambient temperature, leading to even lower water content due to its low solubility in the liquid chlorine. Extraction in multiple spinning disc apparatus decreases the sulfuric acid consumption needed for liquid chlorine drying, offering the possibility of the acid regeneration on the chlorine production site instead of its storage and shipping. The proposed packed bed adsorption process gives an opportunity for neat chlorine purification besides drying in a sustainable manner. The crystallization in a spinning disc apparatus yields the smallest process size, together with the lowest energy consumption, due to the heat integration in the intensified spinning disc apparatus. Additional optimization of these alternatives would lead to even smaller and more efficient chlorine processing at the consumers’ site.
	Optionally, due to its small size, the whole chlorine production takes place in a pressurized purged vessel decreasing the pressure difference acting on the seals while also eliminating the chance of leakage to the environment. Besides demonstrated benefits of the high pressure chlorine electrolysis for the chlorine processing, it also affects the other parts of the chlor-alkali process such as electrochemical cell and caustic work up. This positive synergetic effect motivates further research in this topic but also paves the road for the localized distributed production of other chemicals leading to a sustainable future.
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	Chemical engineering in its rudimentary form such as cement production exists since the Hellenic and Roman times. The term “chemical engineering” however appears in 18th century, together with the expansion of the industrial revolution [1]. The first large scale industrial process is sulfuric acid production followed by cloth bleaching and soda works in Great Britain. Expansion to Germany and USA follows in 19th century, increasing the quantity and variety of produced chemicals [2]. In the meantime raw materials (coal, salt, sulfur, pyrites) and products (alkalis and acids) expand to natural gas, oil, and fertilizers, rubber, dyes, polymers, petrochemicals and electrochemicals. Different catalysts, reactors and unit operations are developed in this period, laying down the core chemical engineering basis. Chemical industry created in 19th and 20th century is improved and optimized to perfection by exploiting the existing equipment to its maximum [1,2]. 
	Specialty chemicals, food preservatives and additives seized their market share in the past fifty years. Together with emerging pharmaceutical and biochemical industries, they require quick adaptations of an equipment for new products while complying with good manufacturing practices [2]. They re-shape chemical engineering by focusing on smaller and versatile apparatuses instead of large and sturdy chemical complexes. Lower equipment volume decreases the holdup of gases, liquids or solids in the apparatus increasing safety [3]. It also decreases the amount of body material needed, leading to cheaper equipment and use of more expensive (coating) materials. Also, recently there is a shift from centralized plants to localized production closer to the resources – raw materials or energy sources. Transport regulations become more strict putting the emphasis on production close to the consumers as well [4]. This opens the opportunities for the development of smaller equipment with an adaptable capacity and a fast response time. Developing customized multifunctional apparatus enables new more economical processing conditions [5]. Altogether, these alternatives lead to process intensification. 
	Examples of equipment for achieving process intensification are microreactors [6], rotating packed beds [7] and spinning disc reactors (SDR) [8]. This equipment significantly improves mass and heat transfer performance compared to traditional equipment, decreasing volume and waste while improving efficiency and safety. Rotor-stator spinning disc (RSSD) reactors have been developed at Eindhoven University of Technology, showing great improvements in mass transfer (gas-liquid [9,10], liquid-liquid [11,12], and liquid-solid [13]) and heat transfer (single phase [14,15], boiling [16] and condensation[17]). A single stage of a RSSD reactor consists of a disc in a cylindrical housing enclosed with a top and a bottom stator [18]. A fast disc rotation leads to higher surface renewal rates, while a narrow rotor-stator gap results in higher shear forces giving larger surface area for mass transfer in multiphase systems. Although its benefits are experimentally demonstrated, there are no industrial applications of the promising RSSD technology up to this point. In this thesis we investigate the application of the RSSD equipment for the chlor-alkali process. The chlor-alkali industry is one of the pillars of chemical industry worldwide that is going through major overhaul towards safer, environmentally friendly and intensified distributed production after more than a century of the conventional process optimization [4]. 
	The chlor-alkali industry is one of the largest electrochemical processes in the world. Electrolysis of aqueous sodium chloride solutions provides indispensible intermediates of a commodity chemical business – chlorine and sodium hydroxide (caustic soda) [19]. The electrochemical process is developed in the 19th century, when chlorine is mainly used for the textile and the paper industry. The technology is then refined until the 1890s by the scientific achievements such as electric generators, diaphragm and mercury cells, and steel corrosion resistance towards dry chlorine [20]. The discovery of the chlorine water treatment reduces the rate of waterborne diseases in the beginning of 20th century. Production of plastics, solvents and pharmaceuticals increase the demand for chlorine after the 1940s. Up to the end of the 20th century, the mercury cell technique dominates in Europe, while the diaphragm and membrane cell technique govern the United States and Japan’s plants (due to the development of perfluorosulfonate and perfluorocarbonate bi-layer polymer membranes) [19]. The expansion of the chlor-alkali industry is governed by market demands (development of new products), environmental regulations (i.e. transport limitations) and energy prices (focus on renewable sources) [21]. The chlorine production nowadays is an indicator of the country’s development of chemical industry, and exceeds 65 million tons per annum worldwide used for PVC (32.8 %), polyurethanes (isocyanate and oxygenate precursors – 31.6 %), chloromethanes (6 %), epoxy resins (4 %), different inorganics (i.e. titanium dioxide, bromine, hydrochloric acid and bleach – 16 %) and solvents (3 %) [22]. The chlorine market is expected to grow from 62 million € in 2014 to 83 million € by 2019, mainly due to developments in Asia [23]. 
	/
	Figure 1.1. Chlorine production capacity worldwide (per continent) [21] and in Europe (per country) [22]. The rest of Europe’s capacity consists of Austria (0.7 %), Finland (1 %), Greece (0.3 %), Ireland (0.1 %), Portugal (1 %), Slovakia (0.6 %), Slovenia (0.1 %), Sweden (1 %) and Switzerland (0.2%). Europe contributes 16 % of worldwide chlorine production capacity, 7 % of which is the share of the Netherlands (1.1 % of the total capacity in the world).
	Europe’s share in world’s production is around 9.7 million tons (80 % of maximum capacity), with more than 42 % of it belonging to Germany (Figure 1.1) [22]. The membrane manufacturing process is current state of the art technique in both economic and ecological terms, and represents 61 % of Europe’s capacity [21]. Production is centralized in large plants such as those of Dow Chemicals in Stade, Germany (1.5 million tons per year capacity), INEOS in Runcorn, UK (0.71 million tons) and AkzoNobel in Botlek, the Netherlands (0.64 million tons). Together with the site in Delfzijl (0.12 million tons), AkzoNobel’s membrane process produces 89.5 % of all chlorine in the Netherlands [22]. 
	Figure 1.2 depicts the block diagram of the membrane production process. Brine purified by precipitation, filtration and ion exchange is fed to the anolyte compartment of the electrochemical cell, while water is supplied on the catholite side. Bi-layer polymer membranes are highly sensitive to brine impurities such as calcium and magnesium which are kept below 20 ppb [19]. Sodium is transported through the membrane to form sodium hydroxide solution in the catholyte department, together with hydrogen evolution on the cathode. Weak caustic (30-36 %) is concentrated by multistep evaporation up to 50 % by weight [20]. Cooled and compressed hydrogen is usually consumed on the spot as a reactant (in case of integrated production site) or as an energy source. In the anolyte compartment the chlorine gas forms on the anode after which it goes through an additional processing. The depleted brine is re-saturated and purified before being re-used. The whole process takes place at atmospheric pressure and between 80 °C and 95 °C [24].
	/
	Figure 1.2. Block diagram of brine electrolysis in a membrane cell [19]. Main products are diluted caustic (30-36 %) that undergoes further concentration, and wet chlorine gas that needs to be dried and compressed, while hydrogen is a side product that is upgraded and spent on the spot. 
	/
	Figure 1.3. Schematic depiction of chlorine processing [19]. The wet gas is first cooled to condense water vapor and decrease the consumption of the concentrated sulfuric acid used in the subsequent drying step. Dry chlorine is safely compressed and liquefied in steel equipment before consumption, storage or transport.
	Chlorine processing has not changed significantly since 1888 when BASF developed the method depicted in Figure 1.3 [21]. Motivation for drying is the discovery of stainless steel’s chemical resistance against dry chlorine decreasing the equipment cost [25]. Furthermore, many chemical reactions with chlorine require a water-free environment. The pressure drop in the equipment is low to avoid compression before the chlorine is dried, since corrosion rates are proportional to water partial pressure. Wet chlorine is extremely corrosive towards virtually all metals, except titanium and tantalum with certain restrictions [26]. 
	Initially, the produced chlorine gas at atmospheric pressure is saturated with the water vapor at temperatures above 80 °C in the electrochemical cell. This leads to a water content of 25 % in the gas. Titanium plate heat exchangers condense the water vapor above 13 °C. This reduces the water content in the gas to 1-2 %. This water content is critical for maintaining the passive titanium oxide layer responsible for titanium resistance in the wet chlorine atmosphere. Additionally, below 10 °C, sticky solid chlorine hydrates form, clogging the equipment. Hydrates (gas hydrates, clathrate hydrates) are crystalline solid structures formed by entrapping a small gas or liquid molecule within a water molecule cage [27]. Chlorine hydrate is the first hydrate discovered, by Sir Humphrey Davy in 1810 [28].
	The condensed water is mixed with depleted brine. This mixture is re-saturated after dechlorination. The cooled chlorine gas containing 1.5 % of water is further dried with concentrated sulfuric acid (93-98 %). Plate, packed and hybrid (plates on top of the packing) columns are used for a counter-current gas-liquid contact [24]. Construction materials are brick-lined steel (with glass reinforced plastics in between), fiber-reinforced plastics (FRP) or ceramics [29]. The acid removes the remaining water and is diluted to 70-80 %. Further dilution results in increased corrosion rates and a higher chlorine solubility in sulfuric acid, increasing the chlorine loss [19]. When two or more columns are applied, the part of the acid used for removing the traces of water is regenerated on the spot due to its low dilution. However this concept additionally increases the capital costs and the size of the process. The current price of sulfuric acid makes selling the diluted one to the supplier economically more feasible.
	The dry chlorine gas (< 10 ppm of water) is led through carbon steel demisters to remove fine submicron droplets of sulfuric acid [20]. All previous steps are made to ensure that dry and droplet free chlorine reaches expensive and large compressors. Manufacturing centrifugal or liquid ring (with sulfuric acid) compressors out of noble materials increases the price of the whole process, while drying is cheap with current sulfuric acid prices [19]. Although carbon steel is resistant to dry chlorine, compression increases the gas temperature. A temperature above 120 °C leads to a chlorine fire of carbon steel [25]. Thus, the compression in several stages with intermediate cooling is necessary to reach the desired pressure. 
	Approximately half of the produced chlorine is used on the spot while the rest is liquefied and transported to other consumers [21]. Liquefaction takes place in carbon steel heat exchangers where a refrigerant is used for indirect heat transfer. Optimizing the energy for compression and the energy for cooling determines the liquefaction conditions. Chlorine pressure above 7 bar uses cooling water for liquefaction reducing the energy costs [20]. Complete chlorine liquefaction is not possible due to incondensable compounds present in the compressed gas. These incondensable gases include oxygen (formed in electrochemical cells due to current inefficiency), carbon dioxide (decomposition of brine purification carbonates) and air (leakage through seals into parts of the process operating below atmospheric pressure) [19]. Normally these gases make up 2 vol % of the pre-liquefied gas leading to 98.0-99.5 % liquefaction efficiency [30]. 
	The residual gas from liquefaction (tail gas) is used for production of hydrogen chloride, bleach and ferric chloride. In this way, uncondensed chlorine is recovered from the tail gas that can be then treated and vented [20]. 
	Liquefied chlorine is ready for transport. Safe practice of chlorine production, transport and use are strictly regulated with different international institutions such as EuroChlor in Europe and The Chlorine Institute in USA. Increasingly more stringent EU regulations limit the transportation options leading to a decrease of chlorine transport by 40 % percent since the year 2001 [22]. With the expected increase of decentralized chlorine demand and potential new products in the future, there is a motivation for the development of a plug-and-produce unit. AkzoNobel already developed the RCCP concept (Remotely Controlled Chlorine Production) by downscaling the current state of the art process [31]. However, a lower production capacity together with process intensification equipment opens new smaller, more economical and safer opportunities for chlorine processing.
	From everything noted in the previous paragraphs, materials of construction play an important role in the process design severely limiting the operating conditions and process unit operations. As mentioned earlier, chlorine is notoriously corrosive towards virtually all metals in the presence of water [32]. An especially challenging operation is the chlorine drying section where both dry (< 10 ppm) and wet chlorine (> 10 ppm) are present, together with sulfuric acid (70-98 %). Temperature also plays a significant role, for both wet and dry chlorine. Thus material selection is an essential part of the intensification of chlorine processing alternatives.
	Table 1.1. Materials of construction used for wet and dry (<10 ppm) chlorine contact (gas or liquid) [26,29].
	Table 1.1 summarizes the chemical resistance of different materials. In case of metals, corrosion resistance is the consequence of passivation [19]. Many metals used for wet chlorine service are not resistant for dry chlorine, and vice versa, as with titanium. The passivating titanium oxide layer makes titanium chemically resistant when there is sufficient water present in chlorine (13-90 °C) [25]. Otherwise, bare metal rapidly reacts with dry chlorine creating liquid titanium tetrachloride that evaporates due to reaction energy released exposing surface for further chlorine attack leading to violent combustion. In the case of carbon steel, the ferric chloride film protects the surface from further corrosion in the dry chlorine conditions [25]. Ferric chloride is a very hygroscopic salt. If water is present, it dissolves the protective ferric chloride layer, causing further fast corrosion of the surface in contact with wet chlorine but also with the ferric chloride solution itself (a strong oxidizing agent). Furthermore, the presence of grease, oil or other lubricants disrupts the formation of protective films on the surface leading to corrosion even if the material itself is resistant to dry and/or wet chlorine. Finally, in case of liquid chlorine, the velocity is limited to 2 m/s to prevent erosion of the passive layer [26]. 
	Different metals have temperature limitations to avoid dry chlorine combustion. This limit is 120 °C for carbon steel, while for stainless steel it is in the range 150-250 °C, depending on the nickel content [29]. The compression ratio thus has to take into account temperature restrictions of the compressor materials during the chlorine liquefaction step. Traces of hydrocarbon lubricants exothermally react with chlorine increasing temperatures locally affecting steel chemical resistance. Hastelloy C can be used even above 400 °C due to its high nickel content [26]. Interestingly, Hastelloy C is chemically resistant to chlorine with traces of moisture. Low temperature leads to brittleness of carbon steel (fine grain), limiting the operating temperature down to -40 °C in the chlorine liquefaction equipment [29].
	The only metal resistant to both dry and wet chlorine gas and liquid is tantalum. It also has excellent performance at elevated temperatures up to 150 °C. The use of tantalum is limited by its mechanical strength (also affected by potential hydrogen embrittlement), the possible risk of creep, and its high price [26,29]. However, new coating technologies such as tantaline are economically feasible solutions for low volume equipment internals [33].  
	Nonmetallic materials used in the process are mainly thermoplastics and FRP. Major challenges are temperature limits, material properties and chlorine permeability (diffusion) through the material leading to blistering. Plastic materials (i.e. PTFE, PVDF, PVC, PEF) are used as lining for the metallic parts for gaseous chlorine processing. ECTFE is the only plastic applied in pressurized liquid chlorine (dry and wet) environment up to 100 °C due to its low chlorine permeation rate [26,29]. 
	The presented information comes from open literature suggestions i.e. EuroChlor, while many new special materials by small producers (such as different ceramics and novel polymers) are not yet tested and present a big opportunity for application in the chlorine drying process. Material selection is thus a major constraint in the process design of chlorine drying alternatives and it is taken into account in the chapters in this thesis. The main conclusion is to provide sufficiently low or high water content (partial pressure) for corrosion resistance of the formed protective layer at a specified temperature.
	The research described in this thesis is a part of the SPINCHAL project (Spinning disc technology for distributed Chlor-Alkali production). As the name suggests, focus of the project is to downscale the state of the art membrane chlorine production plant to 10 kton/annum capacity (approximately 1 kg/s) [4]. The downscaled Plug-and-Produce unit is installed and remotely controlled at a consumers’ site, due to chlorine transportation restrictions. The aim of this thesis is to apply spinning disc technology for process intensification of the chlorine processing part of the chlor-alkali process. The target of the SPINCHAL project was to have a complete chlorine production unit of 0.5 m3 in volume. The relatively low production capacity opens new chlorine processing alternatives, potentially more economical than the conventional downscaled portable process. Also, transport of other chemicals, such as concentrated and spent sulfuric acid, is undesirable in the design of the stand-alone process. 
	Chlorine processing can be performed in the rotor-stator spinning disc equipment, mentioned before. The initial project idea is to dry the wet gas in direct contact with cold brine [4]. Although hygroscopic, cold brine cannot decrease the water content to the required ppm level even at -21 °C [34]. Additionally, formation of the hydrate affects the clogging of the unit [35]. However, a bigger challenge lies in the enormous volumetric gas flow. For the downscaled industrial process, chlorine production of 1 kg/s at 1 bar and 90 °C results in approximately 1 m3/s gas volume flow rate. Even at high heat and mass transfer rates of a spinning disc apparatus, a large volume is needed to obtain a sufficient residence time and thus an optimal performance. This means a large number of discs are needed, increasing the capital costs (larger equipment) and operating costs (due to large amount of rotating internals), but also increasing the pressure drop on the gas phase. Since the purpose of gas drying is subsequent easier compression, additional pressurizing of wet chlorine gas is highly undesirable. 
	An alternative is to produce chlorine in the electrochemical cell operating under higher pressure. The high pressure operation is already suggested in the literature as a future development of the chlor-alkali process [19]. Increase of pressure from 1 bar to 9 bar in the electrochemical cell (at 90 °C) decreases the volumetric flow rate from 1 to 0.05 m3/s but also the water content in the produced gas from 25 to 1 % . This reduces the loading on the consecutive drying step. Potentially, if the process is operated at 35 bar and 95 °C, liquid chlorine is produced directly in the electrochemical cell. At elevated pressures the electrochemical cell can be operated at higher temperature which leads to increased membrane conductivity and lower overpotential, decreasing the operating costs [36,37]. A hazardous chlorine leak into the environment is contained by placing the small sized production unit into a pressurized purged container with the ability to detect and neutralize the leak. A small difference in pressure between the process equipment and the container relieves the stress acting upon seals further reducing the possibility for leaks and minimizes the costs of reactor construction materials. Compared to the expensive chlorine compressors, brine and water/caustic pumps and liquid back pressure regulators are smaller and cheaper apparatus that easily pressurize the liquids entering the electrochemical membrane cell (Figure 1.4). 
	When operating above 8.4 bar, cooling the produced gas to approximately 30 °C results in liquid chlorine, liquid water and uncondensed gas (Figures 1.4 and 1.5). There is no intrusion of air into the lines affecting the liquefaction efficiency. Also less incondensable gases are present due to the increased cell efficiency. 
	Figure 1.4. Process diagram of the high pressure operation. Pressure of 9 bar is chosen arbitrarily. The amount of water to be condensed is lower, decreasing the energy demand. Liquid chlorine contains only 300 ppm of water, decreasing the loading on the following drying step.
	Figure 1.4 depicts the high pressure operating principle. The three phases are separated based on the density difference. A small amount of uncondensed gas is treated (i.e. hydrogen chloride production) to remove uncondensed chlorine. The amount of water condensed depends on its content in the produced gas and thus on the electrochemical cell operating pressure and temperature. Water is re-saturated with salt to produce brine and it is re-used as in the current industrial process. The water pump only supplies the pressure drop, keeping the system at high pressure. The liquid chlorine is saturated with water, 300 ppm at 30 °C [38], and needs to be dried further to below 10 ppm. In this way the amount of water to be removed in the following drying step is reduced from 20 to 0.3 g/s, compared to the current industrial process. Also, the volume flow rate of liquid chlorine is 7.5∙10-4 m3/s for 1 kg/s, indicating that a significant reduction in equipment size is possible. Expensive materials such as tantalum (or its coatings) become economical at this scale and the sustainability of the equipment can be significantly increased.
	/ 
	Figure 1.5. The chlorine – water phase diagram based on Bozzo et al. and Van Haute et al. Depicted phases are gaseous (G) and liquid (L) chlorine, liquid (L) water and solid hydrate (H). Q represents the quadruple point (28.3 °C, 8.41 atm) when all 4 phases are present – liquid and gaseous chlorine, liquid water and solid hydrate.
	Due to the low water content of liquid chlorine, alternative drying procedures become possible for removing the traces of water. One option is adsorption of water on an appropriate material, such as molecular sieves. Molecular sieves have a large water capacity at low water partial pressures, leading to ppm level dryness. Design of the adsorption bed is well known in both research literature and industrial practice. Question that remains is appropriate process design taking into account desorption limitations – temperature (due to material selection) and purge gas treating (due to the chlorine presence). 
	Another alternative is drying by hydrate formation. Below 28.3 °C the chlorine hydrate forms, as shown in the phase diagram (Figure 1.5). Although considered a major threat for blocking of equipment and piping in the current industrial process, crystallization of hydrates in spinning disc equipment is not an issue because of the high shear conditions. The temperature needed to obtain < 10 ppm water content is -30 °C. Heat integration increases the efficiency of the process by using the cold dry chlorine to cool the wet chlorine stream. The low temperatures reduce the corrosion rates tremendously, enabling the use of Hastelloy C22 as a body material, significantly decreasing the cost of apparatus. 
	Finally, drying with concentrated sulfuric acid is still an option. For removal of 300 mg/s of water in 1 kg/s chlorine, only 1.2 g/s of 98 % acid is needed, making the acid regeneration on the chlorine production site economically feasible. Spinning disc units are able to deliver high mass transfer rates in the asymmetric flow ratios [12]. Concentrated sulfuric acid could be substituted by some other hygroscopic medium, such as ionic liquids. However, currently ionic liquids are more expensive and corrosive than sulfuric acid, with more energy demanding regeneration.  
	As mentioned in the previous paragraphs, the work described in this thesis is part of the SPINCHAL project focused on the chlorine processing part. First of all, thermodynamics of the chlorine-water system is needed to accurately describe the proposed drying alternatives. Chapter 2 determines the activity coefficients of water in chlorine that are used throughout the thesis. The liquefaction efficiency is calculated in Chapter 2, showing the effect of high pressure operation. Due to safety regulations, dichloromethane is used as a liquid for experiments since it resembles liquid chlorine. Thus, thermodynamics of the dichloromethane-water system is also investigated in Chapter 2.
	The evaluation of potential drying option follows in the subsequent chapters. Chapter 3 reports an experimental and modeling study of the adsorption alternative for drying liquids in the packed bed. It gives an answer to the challenge of bed regeneration without dangerous emissions. Performance of the rotor-stator spinning disc crystallizer is evaluated in Chapter 4. Dichloromethane hydrates successfully form in the high shear conditions without blocking the equipment. Co-current and counter-current drying with concentrated sulfuric acid is also investigated. Spinning disc units are able to deliver high mass transfer rates in the asymmetric flow ratios, as presented in Chapters 5 and 6.
	All alternatives are sized and compared with the downscaled current industrial process in Chapter 7. Additionally, pros and cons of each option including the material selection are summarized with the proposal of the most promising one.
	In the Conclusions chapter, the potential of this research is evaluated on the process intensification of other chemical engineering industries. The concepts demonstrated by the SPINCHAL project will be a showcase for process intensification based on the spinning disc technology with a wide potential for further application in multiphase reactions and separation processes. The next step is introduction of the spinning disc technology into the changing chemical industry.
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	Purification efficiency of reactants and products is defined by the thermodynamics of a system, influencing size and costs of separation units. The chlorine-water interaction characterizes the chlorine liquefaction and liquid chlorine drying process. The semi-empirical NRTL model provides an accurate description of partly miscible systems, such as chlorine-water. Mutual solubility gives water and chlorine activity coefficients. This method is first tested using dichloromethane-water system, for which mutual solubility is well known and easily measurable. Results show the importance of temperature influence on the energy parameters, limiting the accuracy of the extrapolation. The energy parameters illustrate a linear dependence with temperature resulting in the precise representation of mutual solubility with temperature for both dichloromethane-water and chlorine-water systems. The obtained activity coefficients yield the liquefaction efficiency of gaseous chlorine produced in the electrochemical cell, depending on the process parameters. Also, these activity coefficients play an important role in the following chapters, especially for the evaluation of the proposed chlorine drying alternatives. 
	Chemical reactors represent the heart of chemical processes. Before reactants or solvents can be used in a reactor, they need to be purified to remove potential interference of impurities with the reaction. After the reactor, the separation of unreacted reactants, undesired and desired reaction products is needed. Separation of compounds is usually done by unit operations that use the difference in affinity of components for a specific phase (gas, liquid or solid) such as distillation, absorption, adsorption or extraction. The design of separation processes thus requires thermodynamic data and models for estimating these affinities. The model of ideal solutions is useful for providing a first approximation [1]. However, often these mixtures are highly nonideal, especially in the liquid phase. The importance of thermodynamics can be appreciated as often more than 50% of the cost in many processes is related to the separation units [2]. The scarcity of multicomponent data especially for hazardous components further expresses the importance of correlative and predictive methods [3].
	Chlorine processing is a separation technology defined by the chlorine-water interactions. An accurate assessment of chlorine drying alternatives requires activity coefficients of water in liquid chlorine. Additionally, a chlorine liquefaction calculation demands precise thermodynamic system description. The activity coefficients can be estimated from mutual solubility values of the two liquids [4–6]. Despite its importance for chlorine liquefaction, experimental values for water solubility in liquid chlorine do not exist due to obvious difficulties (high pressure and toxicity of chlorine; accurate determination of a low water content). Ketelaar et al. derived the water solubility in chlorine based on the water solubility in carbon tetrachloride, comparing their solubility parameters [7]. However, the industrial practice shows a deviation from Ketelaar’s values. On the other hand, the solubility of chlorine in water is reported in literature [8–10]. Facilitating the calculation of the water solubility in chlorine is the existence of the chlorine hydrate [11–13]. 
	Here the effort is made to determine the solubility of water in chlorine using the solubility of chlorine in water and the solid hydrate solubility in liquid chlorine. The method is first evaluated on dichloromethane-water system. Dichloromethane (methylene chloride; DCM) solubility in water also exhibits the miscibility gap and forms hydrates, resembling the chlorine-water system. However, mutual DCM-water solubility is well known [14]. 
	Different thermodynamic models are used to correlate experimental and generated data by an estimation method, i.e. excess Gibbs energy models [15]. The semi-empirical Non-Random Two Liquid (NRTL) model (Equation 2.1) [1] gives a good representation of a non-electrolyte system with a polar component and a miscibility gap – such as dichloromethane-water and chlorine-water systems investigated here [2].
	The NRTL equation uses two adjustable parameters (τ12 and τ21) and a constant (α), selected according to the chemical characteristics of the components of the mixture (0.20-0.47, usually 0.30) [1]. The use of this constant (α) results in a useful description of strongly non-ideal mixtures, compared to other two-parameter models, i.e. Wilson’s equation [4]. The activity coefficient illustrates the deviation from ideal behavior in the mixture. Equations 2.6 and 2.7 represent the general NRTL model expressions for the activity coefficients in a binary liquid mixture.
	Equation 2.8 expresses the solubility of the solid hydrate in the liquid phase, using the parameters from Table 2.1 together with Equations 2.6 or 2.7 for the activity coefficient model [16]. 
	Table 2.1. Values used in Equations 2.1-2.8 for the activity coefficient calculation.
	DCM resembles liquid chlorine above the upper quadruple point (8.41 atm, 28.3 °C [11]; Figure 4.1), forming hydrates at 1.9 °C at atmospheric pressure [14,18]. The molecular size of 4.7 Å is comparable to chlorine (4.2 Å) since two bulky chlorine atoms determine the dimensions of DCM [19]. Thus DCM is chosen rather than carbon tetrachloride to test the solubility calculations as a model for liquid chlorine at high pressure.
	IUPAC-NIST solubility database summarizes the mutual solubility of DCM and water [14]. Experimental measurements from different authors were used to fit equations 2.9 and 10 for the solubility of DCM in water (x1) and water in DCM (x2), respectively:
	The formation of hydrates in the DCM phase for temperatures below 1.9 °C affects the slope of the solubility curve (as in the derivation of Ketelaar et al. in the proposed solubility of hydrate in chlorine [7]). However, IUPAC-NIST presents the single equation (2.10) to fit both water and hydrate solubility in DCM. Experimentally determined values of water solubility in DCM (reported in Chapter 4) show that the trend in the hydrate region differs from the one proposed by Equation 2.10 (Figure 2.1). In obtaining Equation 2.10 only 6 out of 32 measurements used are below 1.9 °C in the work of IUPAC-NIST, not affecting the fit significantly. 
	//
	Figure 2.1. The NRTL correlation at 25 °C fails to represent the trends of the mutual solubility data. In case of the DCM solubility in water, the NRTL model predicts the increase with temperature, in contrast with literature data.
	The NRTL model is tested for predicting the mutual DCM-water solubility. The first step is to investigate the temperature influence on the energy parameters ∆g12 (describing water-DCM interactions) and ∆g21 (describing DCM-water interactions) and thus the solubility correlation. Literature suggests that the energy parameters are not affected by the temperature for a narrow range [16]. If temperature does not play a significant role, the mutual solubility of chlorine-water values at a single temperature could be easily extrapolated. Constant α12 is suggested as 0.3 for water mixtures with a polar, non-dissociated component, and is considered temperature independent [1]. 
	The NRTL energy parameters are evaluated using the values for water solubility in DCM and DCM in water at 25 °C (evaluation points in Figure 2.1) – ∆g12 equals 11310 J/mole while ∆g21 is 9625 J/mole. The calculated solubility of the NRTL model at 25 °C is within 4.1 % error from the IUPAC-NIST values, however the accuracy is not satisfactory for temperatures further from the evaluation point. The solubility of DCM in water demonstrates an increase in water solubility with decreasing temperature, showing that the temperature effect has to be included. 
	Figure 2.2 depicts the influence of temperature on the energy parameters of the NRTL model. In case of a non- symmetric system like here where τ12 ≠ τ21, ∆g12 and ∆g21 show linear dependence with temperature, as reported in literature [1]. Linear fit of energy parameters at 8 different temperatures in the range between 0 °C and 35 °C (evaluation points in Figure 2.2) gives the more accurate correlation of the mutual solubility by the NRTL model. The DCM solubility in water follows the trend of IUPAC-NIST values with a lower error of maximum 7.9 %. The calculated water solubility in DCM also represents the hydrate solubility which is outside of the temperature range used for evaluation of energy parameters. However, the experimental results of hydrate solubility in DCM exhibit the different slope. 
	///
	Figure 2.2.The influence of temperature on the NRTL energy parameters and thus the correlation of the mutual solubility. The energy parameters show a linear temperature influence. Including the temperature effect on the energy parameters gives an accurate fit of the mutual solubility.
	Figure 2.3 presents an accurate fit of the experimental solubility of water in the hydrate region, using Equation 2.8 together with the NRTL equation (temperature dependant energy parameters). This results in a different slope of the energy parameter describing the water-DCM interaction, ∆g21, as shown in Figure 2.3. With these values, the model is extrapolated above 1.9 °C yielding a representation of the liquid-liquid solubility of water in DCM within 7.0 % error. The solubility of DCM in water is the same as in Figure 2.2. This means that changing ∆g21 for better representation of water solubility in DCM does not affect the solubility of DCM in water, and vice versa (for ∆g12). The reason is that low solubility does not change the activity of the solvent which is present in high concentration. Figure 2.4 depicts the solubility activity coefficients at different temperatures, calculated using the values from Figure 2.3.
	//
	Figure 2.3. Description of the mutual solubility using the NRTL model. The temperature dependent energy parameter for the water-DCM interaction is obtained in the hydrate region for the water solubility in DCM.
	/
	Figure 2.4. The activity coefficients for the DCM-water system. In the hydrate region, the activity of water in DCM shows high non-ideality. The activity of DCM in water increases with temperature.
	Prediction of water solubility in DCM from the DCM solubility in water is attempted. Taking the DCM solubility in water at the hydrate formation temperature (0.4482 mole % according to equation 2.9), ∆g12 and ∆g21 are determined for the NRTL model (for both DCM and water). From these values (∆g12 = 10710 J/mole; ∆g21 = 15410 J/mole), the predicted solubility of water in DCM is 112 ppm which is 7.3 times lower than the value from equation 2.10 (820 ppm). Comparing the values for ∆g12, which determines the DCM solubility in water, it gives 5 % error compared to the value from Figure 2.2 (10175 J/mole). On the other hand, ∆g21 is 48 % higher than the value from Figure 2.3 (10380 J/mole). A low solubility of water does not significantly affect the activity of DCM which is present in high concentration leading to a large error in the estimation of the energy parameter. Thus the water solubility in DCM cannot be accurately predicted using the solubility of DCM in water at a certain temperature but gives a fair estimation when no experimental data is available.
	The pressure for the chlorine-water system calculations is 9 bar. Adams et al. combine experimental measurements of different authors of chlorine solubility in water at different temperatures (up to 100 °C) and pressures (up to 6.7 bar) [8]. Linear extrapolation gives the solubility of chlorine in water at 9 bar used in the calculations here.    
	Prediction of water (1) solubility in liquid chlorine (2) is performed analogously as the prediction of water solubility in DCM due to questioned values in literature. From the solubility of chlorine in water at the hydrate formation temperature 28.3 °C, ∆g12 (10158 J/mole) and ∆g21 (14618 J/mole) are determined. Thus, the predicted water solubility in chlorine is 490 ppm. This value is 1.7 times higher than Ketelaar’s solubility (280 ppm), which is an adequate estimation [7]. However, water-DCM calculations demonstrate the inaccuracy of this method, meaning that the value for water solubility in chlorine is unreliable and thus the values of the activity coefficients as well.  
	//
	Figure 2.5. The prediction of mutual chlorine-water solubility using the NRTL with energy parameters estimated at 28.3 °C. The temperature effect has to be taken into account in order to accurately represent the trend of the solubility of chlorine in water.
	Since the prediction is not accurate, Ketelaar’s values for the water solubility in chlorine, together with the extrapolated values of the chlorine solubility in water determine the activity coefficients. The energy parameters are estimated at 28.3 °C – ∆g12 = 10160 J/mole and ∆g21 = 12880 J/mole. Figure 2.5 shows that constant energy parameters yield increasing mutual solubility with temperature, which is not the case for chlorine solubility in water. Using the water solubility of 280 ppm in chlorine leads to 12 % decrease of ∆g21 compared to the previously predicted value. The energy parameters taking into account the effect of temperature yield the correlation of the chlorine solubility in water with 8 % error (Figure 2.6). The best correlation of Ketelaar’s values (within 5 % error) over the whole range of temperatures is obtained by obtaining the NRTL energy parameters in the hydrate region. The activity coefficients calculated with these parameters are given in Figure 2.7.
	//
	Figure 2.6. Correlation of NRTL parameters at different temperatures in a hydrate region for water solubility in chlorine. For chlorine solubility in water, above 28.3 °C temperatures were used to obtained a proper fit.
	/
	Figure 2.7. The activity coefficients obtained from the temperature dependant NRTL model. The activity of water in chlorine demonstrates highly non-ideal behavior. The activity of chlorine in water is significantly lower, due to a higher solubility.
	The example of the use of the chlorine-water thermodynamics is the calculation of the liquefaction efficiency. In the current industrial process, a dry chlorine gas is liquefied at higher pressure. As mentioned in the Introduction Chapter, the amount of incondensable gases affects the chlorine liquefaction. Inefficiency of an electrochemical cell causes presence of incondensable gases, primarily oxygen. Thus oxygen represents incondensable gases, neglecting its solubility in water and liquid chlorine. Figure 2.8 depicts phases present at 30 °C and a pressure above 9 bar – liquid chlorine, water and vapor. Fugacity of a component across all three phases is at equilibrium (Equation 2.11). Solving equations 2.11 through 2.14 using activity models gives the liquefaction efficiency (Figure 2.9). 
	Figure 2.8. Depiction of phases present during the liquefaction step. Fugacity of components (chlorine, water and oxygen) is equal in all three phases present – liquid chlorine, water and vapor.
	Current electrochemical cells produce around 2 vol. % of oxygen [10]. In industrial liquefaction process, the pressure depends from plant to plant, but is usually around 13 bar, yielding 92 % of moles of chlorine condensed from Figure 2.9. Operation at higher pressure eliminates the potential air intrusion in the chlorine lines, reducing the potential oxygen content. 1 vol. % reduction in oxygen content results in 4 % higher liquefaction efficiency at 13 bar (96 %). The SPINCHAL project also develops a spinning disc electrolyzer, improving its performance [20,21]. This leads to higher cell efficiency producing less than 1 vol. % of incondensable gases, condensing 98 % of chlorine in case of 0.1 vol. % already at 9 bar pressure.  Figure 2.9 shows however, that the vapor composition is 88.6 % chlorine, 10.9 % oxygen and 0.5 % water vapor. Uncondensed chlorine is neutralized to produce bleach in the current process [10]. 
	//
	Figure 2.9. The liquefaction efficiency and the composition of the uncondensed vapor as a function of liquefaction pressure. With lower content of incondensable gases, more chlorine is liquefied at lower pressures. However, the vapor phase contains predominantly chlorine at lower pressures.
	The NRTL model accurately represents the mutual solubility of the DCM-water and the chlorine-water systems. Both systems have a large miscibility gap, resulting in a high non-ideality. The calculated activity coefficients increase with the decrease of temperature due to the water solubility decrease. Using the thermodynamics accurate description of the system is possible, while prediction is not – i.e. solubility without at least two experimental values to account for the temperature effect. The presented activity coefficients are significant for accurate calculation of different process parameters, as demonstrated on the example of the liquefaction efficiency. Also, these activity coefficients are used in the following chapters to accurately define the separation technologies and their efficiency.
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	fi component i fugacity, i = chlorine, oxygen, water, Pa 
	gE excess free Gibbs energy, J/mole
	gi interaction energy parameter, J/mole
	G the NRTL model parameter, -
	∆Hm melting enthalpy, J/mole
	p pressure, Pa
	R universal gas constant, J/mole/K
	T temperature, K
	x liquid phase mole fraction, -
	y vapor phase mole fraction, -
	Greek symbols
	α non-randomness parameter, -
	γ activity coefficient, - 
	τ dimentionless interaction parameters, -
	[1] Renon, H., and Prausnitz, J. M., 1968, “Local compositions in thermodynamic excess functions for liquid mixtures,” AIChE J., 14(1), pp. 135–144.
	[2] Prausnitz, J. M., Lichtenthaler, R. N., and Gomes de Azevedo, E., 1999, Molecular thermodynamics of fluid-phase equilibria, Prentice Hall, Inc, New Jersey.
	[3] Anderson, T. F., and Prausnitz, J. M., 1978, “Application of the UNIQUAC Equation to Calculation of Multicomponent Phase Equilibria: 2. Liquid-Liquid Equilibria,” Ind. Eng. Chem. Process Des. Dev., 17(4), pp. 516–567.
	[4] Renon, H., and Prausnitz, J. M. M., 1968, “Estimation of parameters for the NRTL equation for excess Gibbs energies of strongly nonideal liquid mixtures,” Ind. Eng. Chem. Process Des. Dev., 8(1967), pp. 413–419.
	[5] Nagata, I., Miyamoto, K., Alessi, P., and Kikic, I., 1987, “Prediction of Thermodynamic Equilibrium Properties from Mutual Solubility Data,” Thermochim. Acta, 120, pp. 63–80.
	[6] Brian, P. L. T., 1965, “Predicting activity coefficients from liquid phase solubility limits,” I&EC Fundam., 4(1), pp. 100–101.
	[7] Ketelaar, A. A., 1960, “The Drying and Liquefaction of Chlorine and the Phase Diagram Cl2-H2O,” 5(3), pp. 1–5.
	[8] Adams, F. W., and Edmonds, R. G., 1937, “Absorption of Chlorine by Water in a Packed Tower,” Ind. Eng. Chem., 29(4), pp. 447–451.
	[9] EuroChlor, 2010, Physical, Thermodynamic and selected Chemical Properties of Chlorine, Brussels.
	[10] O’Brian, T., Bommaraju, T., and Hine, F., 2005, Handbook of Chlor-alkali technology, Springer, New York.
	[11] Bozzo, A. T., Chen, H.-S., Kass, J. R., and Barduhn, A. J., 1975, “The Properties of Hydrates of Chlorine and Carbon Dioxide,” Desalination, 16, pp. 303–320.
	[12] Wilms, D. A., and van Haute, A. A., 1973, “Thermodynamics and Composition of Chlorine Hydrate,” Desalination, 12, pp. 379–393.
	[13] Kótai, L., Gács, I., Bálint, S., Lakatos, G., and Angyal, A., 2012, “A Review on the Oldest Known Gas-Hydrate - The Chemistry of Chlorine Hydrate,” Trends Inorg. Chem., 13.
	[14] IUPAC, 2007, “IUPAC-NIST Solubility Database” [Online]. Available: http://srdata.nist.gov/solubility/.
	[15] Dohrn, R., and Pfohl, O., 2002, “Thermophysical properties - Industrial directions,” Fluid Phase Equilib., 194-197, pp. 15–29.
	[16] Poling, B. E., and Prausnitz, J. M., 2001, The Properties of Gases and Liquids, McGraw-Hill Companies, Inc., New York.
	[17] Tester, J. W., and Wiegandt, H. F., 1969, “The Fluid Hydrates of Methylene Chloride and Chloroform: Their Phase Equilibria and Behavior as Influenced by Hexane,” AIChE J., 15(2), pp. 239–244.
	[18] Dyadin, Y. A., Zhurko, F. V., Mikina, T. ., and Udachin, R. K., 1990, “Clathrate Formation in Binary Aqueous Systems with CH2Cl2, CHCl3 and CCl4 at High Pressures,” J. Incl. Phenom. Mol. Recognit. Chem., 9, pp. 37–49.
	[19] Borkar, C., Tomar, D., and Gumma, S., 2010, “Adsorption of Dichloromethane on Activated Carbon,” J. Chem. Eng. Data, 55(4), pp. 1640–1644.
	[20] Granados Mendoza, P., 2016, “Intensification of the chlor-alkali process using a rotor-stator spinning disc membrane electrochemical reactor,” Eindhoven University of Technology.
	[21] Moshtarikhah, S., 2016, “Spinning disc electrolyzer: Performance of cation-exchange membrane,” Eindhoven University of Technology.

	3v3
	Chapter 3
	Adsorptive water removal from dichloromethane and vapor phase regeneration of a molecular sieve 3A packed bed
	Abstract
	Introduction
	Model
	Mass and energy balances
	Modeling of the vapor-liquid flow
	Estimation of model parameters
	Discretization scheme
	Fitting procedure

	Experimental section
	Adsorption isotherm measurements
	Adsorption and desorption breakthrough curve measurements

	Results and discussion
	Adsorption isotherm results
	Adsorption breakthrough curves
	Desorption breakthrough curves
	Desorption with external bed heating
	Cyclic steady state experiment (with external heating regeneration)

	Conclusions
	Nomenclature
	Latin symbols
	Greek symbols

	References

	The drying of dichloromethane with a molecular sieve 3A packed bed process is modeled and experimentally verified. In the process, the dichloromethane is dried in the liquid phase and the adsorbent is regenerated by water desorption with dried dichloromethane product in the vapor phase. Adsorption equilibrium experiments show that dichloromethane does not compete with water adsorption due to size exclusion; the pure water vapor isotherm from literature provides an accurate representation of the experiments. The breakthrough curves are adequately described by a mathematical model that includes external mass transfer, pore diffusion, and surface diffusion. During the desorption step, the main heat transfer mechanism is the condensation of the superheated dichloromethane vapor. The regeneration time is shortened significantly by external bed heating. Cyclic steady state experiments demonstrate the feasibility of this novel drying process.
	Removal of impurities from chemicals and solvents is often crucial for selective production of pharmaceuticals. Dichloromethane (methylene chloride; DCM) is one of the most widely used chlorinated solvents, because of its ability to dissolve many organic compounds and its low boiling temperature [1]. For specialty pharmaceuticals, DCM should be exceedingly pure and have low water content. Annual world production is more than 500 000 tons of dichloromethane, predominantly produced by the Hoechst and Stauffer processes [1], which contains water as an impurity. Adsorption is one of the possible methods for obtaining ultra-pure solvents [2]. Due to their high hygroscopicity, molecular sieves already demonstrated their adsorption capability for the drying of ethanol [3,4], higher alcohols [5,6] and esters [7,8], toluene [9], other hydrocarbons [10] and solvents [11]. General conclusion is that hydrophobic solvents are easier to dry [2,11]. For water removal from solvents that cannot penetrate the micropores of the zeolite, the adsorption equilibrium is the same as the pure water vapor isotherm [2]. In that case, the water vapor isotherm gives liquid phase concentrations using different activity coefficient models. For a partially miscible system, such as water-DCM, the so-called NRTL model gives good predictions [12]. 
	Packed beds of various sizes have been widely used in the industry for adsorptive drying [13]. Mathematical models are used to predict the size and operating times for a molecular sieve packed bed. In addition to adequate thermodynamic models that describe the equilibrium, external and intraparticle mass transfer are important for the accurate prediction of breakthrough curves. External mass transfer can play a significant role in the total mass transfer resistance in the liquid phase [2]. However, information on the packed bed liquid phase adsorption is scarce in comparison to the literature on gas drying. 
	Regeneration of the bed is an essential and energy intensive step of adsorption processes. Regeneration of the adsorbent capacity is achieved by shifting the equilibrium to initiate desorption. Adsorption equilibrium can be affected by decreasing the pressure (pressure swing adsorption), increasing the temperature (temperature swing adsorption), purging (usually with inert gas), changing the solvent (solvent swing adsorption), or a combination of these [13]. Pressure swing and purging method rely on a decrease of the partial pressure as the driving force for desorption. Although a few studies are present in the literature, the most commonly temperature swing adsorption with inert gas purge is applied [14–16]. Purge gas regeneration of a DCM adsorptive drier would lead to an emission of DCM, that would be present in the bed (macropores and static holdup) after the adsorption cycle. Emissions of DCM are strictly regulated due to its toxicity, health and green house effects [17]. However, emissions can be minimized if the dried DCM is used as vapor in the regeneration cycle. Superheated DCM vapor heats up the bed and desorbs water. After cooling, condensed water and liquid DCM are separated based on the density difference. DCM used in desorption is dried again, minimizing emissions in that way. 
	This chapter investigates the efficiency of the bed regeneration with a superheated DCM stream. First, the adsorption thermodynamics of water in DCM on molecular sieves 3A at different temperatures are determined and compared to pure water vapor isotherms from literature [18,19].  The liquid phase packed bed adsorption breakthrough curves are measured at different mass flows of DCM. The experiments are compared to a mathematical adsorption-desorption model. The model is used to assess the effect of the different mass transfer resistances. Consecutively, the saturated bed regeneration experiments with superheated DCM vapor are compared to the adsorption-desorption model. Cyclic steady state experiments are performed to estimate the efficiency of the process.
	A mathematical model is developed to analyze and simulate mass and heat transfer resistances in a packed bed during various adsorption and desorption cycles. Figure 3.1 depicts the schematic representation of the model. The model is based on non-equilibrium, non-isothermal and non-adiabatic conditions. The following assumptions were made to simplify the system of equations: 
	 fluid plug flow with axial dispersion, 
	 constant pressure (i.e. negligible pressure drop), 
	 constant fluid velocity (during adsorption), 
	 single adsorbate system, 
	 negligible radial temperature, concentration and velocity profiles, 
	 negligible axial conduction by the column wall, 
	 ideal gas law applies for vapor phase, 
	 temperature dependent general statistical thermodynamic approach (GSTA) model [19] representation of equilibrium isotherm, 
	 uniform spherical particles, 2 mm in diameter, 
	 heat transfer to and through the column wall and to the environment was estimated using an overall heat transfer coefficient, 
	 external and internal (macropore and surface diffusion) mass transfer resistances were considered.
	/
	Figure 3.1. Schematic depiction of the molecular sieve packed bed adsorption system. Different length scales are presented accounting for external mass transfer, macropore diffusion and surface diffusion in micropores.
	With these considerations, the following model equations were derived. The plug flow with axial dispersion model [15,16,20,21] was adopted to represent the concentration profile for the fluid flowing through the packed bed:
	The Danckwerts boundary conditions read:
	The initial conditions are:
	Conduction and convection are the major means of heat transport, with a heat  loss to the surroundings through the column wall.
	The differential equation representing all these factors reads as follows:
	with the Danckwerts boundary conditions:
	and the initial conditions:
	where Uw is the overall heat transfer coefficient defined as:
	Tamb is 22 °C, as reported in the experimental section, and hair is a fitting parameter. 
	For the solid phase, a pseudo first-order equation [22] was used to describe the adsorption kinetics, where the equilibrium loading was determined using the GSTA model. Together with macropore and surface diffusion (of the adsorbed water) resistances, the particle mass balance differential equation reads:
	with the Danckwerts boundary conditions:
	and the initial conditions:
	Heat generated or supplied during the process is transferred across the particle by conduction and is represented by the enthalpy balance for the particle:
	with the boundary conditions:
	and the initial conditions:
	The loading in the adsorbed phase is represented by the following equation:
	with the initial conditions:
	where f(Cp) is the equilibrium loading calculated according to the GSTA model [19] for a fluid phase concentration Cp. Initial loading value for the particle was taken for saturated conditions from the GSTA model.
	Experimental observations show that dichloromethane condensation occurred during the regeneration step resulting in two phase flow. The energy supplied by the superheated vapor phase heats up the particles and triggers desorption. In order to account for the vapor-liquid mixture in the bed, a no-slip condition between the two phases was assumed. Also, at the start of the desorption cycle, the macropores contained liquid DCM. The residual volume fraction of the bed occupied by the static holdup (εL0) was determined to be 0.046, by the correlation of Saez and Carbonell [23], using the Eötvös number (equations 3.25 and 3.26). 
	Thus, the liquid properties were used to define the initial conditions and the liquid film is assumed to be limiting the desorption when the bed was at boiling temperature.
	In the model, the temperature is calculated from the enthalpy of the total flow. The advantage of this is that with the latent heat of evaporation of dichloromethane taken into account the fraction of vapor phase can be calculated.
	The phase change is incorporated in the model based on the enthalpy and vapor fraction of the flow as described below:
	where  is the vapor fraction of the fluid, described as:
	where  is the enthalpy of pure liquid at the boiling point.
	The axial dispersion and the mass transfer coefficient are defined in a similar manner.
	The effective heat transfer coefficient for nodes which contain a vapor-liquid mixture is described taking into account the gas-liquid film heat transfer coefficient and the liquid-solid heat transfer coefficient, as shown in equation 29:
	The parameters in equations 1-28 were all estimated using the following correlations, except for the surface diffusion coefficient. The latter is fitted to the experimental data since there appears to be no appropriate predictive correlation in literature.
	The axial dispersion coefficient is estimated with the help of Wakao’s correlation [24]:
	The fluid phase axial thermal conductivity is estimated by the correlation given by Dixon [25]:
	External heat and mass transfer coefficients are determined for both liquid and vapor flow using the correlations of Wakao [26,27], which are valid for the Reynolds numbers used in this study:
	The fluid and solid properties are summarized in Table 3.1.
	The value of the wall heat transfer coefficient is estimated using the correlation of Dixon [25]:
	The partial differential equations are transformed into a set of ordinary differential equations (ODEs) using the central differencing scheme. The packed bed is discretized into 25 nodes in the axial direction. The molecular sieve particles are discretized into 5 nodes in the radial direction and are modeled for every node in the axial direction. Increasing the discretization scheme in the radial direction did not influence the modeling results. The set of ODEs is then solved using the ode15s solver in MATLAB®.
	The adsorption breakthrough curve model was fitted to the experimental results using the surface diffusion coefficient (Ds) as a fitting parameter. All other parameters were estimated from the equations above. For each flow rate (experimental run), the surface diffusion coefficient was fitted to obtain the lowest error between experimental and model values resulting in a best fit Ds value per flow rate. Since all experiments were performed at the same temperature, the same Ds value should be obtained. Taking an arithmetic mean of the best fit Ds values per flow rate yields an average Ds value (for all flow rates). Each experimental run was performed at least 2 times. Experimental points per flow rate used to obtain surface diffusion coefficient value were at least 11. 
	Varying the value of the surface diffusion coefficient in the model to fit desorption breakthrough curves could not yield an accurate fit, especially of the temperature profiles. The only heat transfer parameter not estimated via correlations was the heat transfer from the column wall to the environment (hair). An average value of 1.4 kW/m2K for hair provided the accurate description of the temperature profiles for all flow rates. The average surface diffusion coefficient fitted to the adsorption breakthrough experiments was corrected for the temperature influence and used in the desorption model (Ds1/Ds2 = (T1/T2)3/2). 
	Isotherms for water adsorption from saturated dichloromethane (VWR, the Netherlands) onto molecular sieve 3A beads, 2 mm diameter (Sigma Aldrich), were measured at 25 °C and 40 °C. Molecular sieves were dried in an oven at 200 °C for 48 h. Adsorbent was then cooled down to room temperature in a glove box (MBraun MB 200B) kept in a dry nitrogen atmosphere ( < 0.3 ppm of water). Between 0.02 and 0.50 g of dry adsorbent was weighed and transferred into 60 mL vials capped with PTFE septum caps. 60 g of DCM saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1) was injected into the same vials through the septum. Dry DCM sample was prepared in the same manner to detect potential contamination of samples with water. Prepared samples were then placed inside a shaker (IKA) at 100 rpm at a pre-set temperature. Samples were taken at fixed time intervals with 2 mL syringes through the septum, to avoid water adsorption from air. The water content was measured with a coulometric Karl-Fischer titrator (Metrohm Applikon Coulometer KFT 899). The equilibrium between the adsorbent and the liquid was reached within two days. The average mass loss of DCM was less than 1 w/w %. 
	A borosilicate glass column with a diameter of 31 mm and a height of 800 mm was designed according to the criteria provided in literature [28] so that the wall effects (equation 38) and axial dispersion (equation 39) are minimized. 
	On the top and at the bottom of the column, 50 mm was filled with glass beads of 8 mm diameter to act as a uniform flow distributor, while the mid-section was packed with 385 g of dry molecular sieve 3A. The column was completely insulated. Temperature (Metatemp Pt100 class A) and pressure sensors (Huba control type 520) were installed on the top and the bottom of the column. 
	During adsorption breakthrough experiments, the bed was operated upwards, while the desorption of the bed was performed from the top to the bottom (Figure 3.2). DCM saturated with water (approximately 1700 weight ppm) was pumped using a gear pump (Tuthill D-series) regulated with a Coriflow mass flow controller (Bronkhorst M50). The bed and fluid properties are summarized in Table 3.1. For adsorption breakthrough experiments, samples were collected at the top of the column and analyzed by Karl-Fischer titration. Dried DCM exiting the column was re-saturated in the feed vessel by passing through a stirred water layer on top of the saturated DCM bottom layer. Measurement of the water concentration in the feed vessels proved that saturation was always more than 91 % at all mass flows. The volume of the vessels was 12.5 liters. All adsorption experiments were performed at 22±2 °C.
	Table 3.1. Packed bed and fluid properties [1,11,13,17].
	DCM
	Molecular sieves
	Physical properties
	Vapor, 100 °C
	Vapor, 40 °C
	Liquid, 22 °C
	1100
	2.93
	3.41
	1325
	Density, kg/m3
	-
	1.3∙10-5
	1.0∙10-5
	4.37∙10-4
	Viscosity, Pa∙s
	0.925
	0.616
	0.678
	1.156
	Heat capacity, kJ/kg∙K
	Thermal conductivity,  W/m∙K
	0.355
	1.15∙10-2
	9.40∙10-3
	0.1392
	When the bed was completely saturated with water, the flow direction was changed from the dry DCM vessel (200 ppm water content) through the evaporator (aDrop DV1c). The evaporated DCM was superheated to 100 °C by a heating cable (Thermocoax Isopad) around an insulated tubing. The vapor entered the column from the top, replacing the liquid present after the adsorption step. In this manner, heated up DCM vapor triggered desorption and water evaporation. Simultaneously, due to the low initial bed temperature (22 °C), the vapor would partially condense and trickle down the bed. The bed was drained of liquid within 3 minutes, which is negligible in comparison to the total duration of the desorption experiments (up to 5 hours). To improve the desorption step, also experiments were performed using heating cables for external heating of the bed. The outlet of the column was connected to a glass heat exchanger cooled with an ethylene glycol/water mixture using a cooling unit (Huber Ministat 230cc). The water content of the condensate was determined by two methods.
	The condensate exiting the heat exchanger was collected for analysis. Due to the low solubility of DCM in water, two liquid phases were observed – water and DCM. Ethanol (VWR, the Netherlands) was added to the samples to dissolve both phases so that the water content could be measured by the Karl-Fischer titrator. By measuring the water content of ethanol and of the dissolved sample, the water content in the samples was calculated using a simple mass balance.
	The second method of measuring the amount of desorbed water considers is using a “closed” graduated cylinder installed after the condenser. The rise in water liquid level was noted in certain time intervals. At the cylinder outlet, the DCM water content was measured. Both methods provided similar results with the second method having a better reproducibility due to averaging over a longer time period. Because of the inherent discreteness of the two-phase flow of the liquids, the variation of the water fraction was quite high for small sampling volumes. 
	After desorption, the bed was purged with nitrogen overnight before the following adsorption experiment.
	Figure 3.2. Schematic representation of the experimental apparatus. Adsorption breakthrough experiments were performed upwards through the column, while desorption was from top to bottom. LI – level indicator; FC – mass flow controller; PI – pressure indicator; TI – temperature indicator; TC – temperature controller
	Experimental adsorption equilibrium data are presented in Figure 3.3 at 25 °C and 40 °C, along with pure water vapor isotherms from the literature [18,19]. Measured values are slightly lower than the literature data for a pure 3A zeolite, in particular at water concentrations below 400 ppm. A possible explanation is the presence of a binder in the molecular sieve particles. The binding material, usually clay, has larger pores and a negligible water capacity [29]. Difference between gas (literature) and liquid (measured) adsorption isotherm data can result from potential errors in the estimation of the activity coefficients in the liquid. A modified NRTL model [30] is used to recalculate the liquid phase concentrations into water partial pressures. The calculated activity coefficients predict the mutual solubility concentrations of 1.7 w/w % (DCM in water) and 0.18 w/w % (water in DCM) within 14 % error. 
	Figure 3.3. Water adsorption isotherms from DCM on zeolite 3A at a) 25°C and b) 40°C. Experimental data are in agreement with literature values [18,19].
	From the agreement of the experimental and literature adsorption isotherm data it can be concluded that DCM does not affect the adsorption of water on the molecular sieves 3A. The molecule of DCM (kinetic diameter 3.3 Å [31]; Lenard-Jones molecular diameter 4.7 Å [32]) is too large to enter the 3 Å micropores of the zeolite. These results are in accordance with the findings of adsorptive drying of higher alcohols ( > C4) and esters [7,8]. According to Basmadjian [2], if solvent molecules cannot penetrate the pores of the molecular sieves, the water adsorption isotherm is independent of the solvent and is the same as a pure water vapor isotherm. 
	An increase in temperature from 25 °C to 40 °C (Figure 3.3) results in a decrease of 4 % in the molecular sieve maximum capacity, while the curve maintains the same shape. In general, the temperature influence on the molecular sieve capacity is small, which is the reason why manufacturers recommend regeneration temperatures around 300 °C [18].
	Simple adsorption isotherm models (e.g. Langmuir, Sips, Toth, Dubinin-Astakhov) cannot accurately predict the measured adsorption isotherms of water vapor in molecular sieve 3A due to the complex crystal structure of zeolites. Zeolite crystals consist of beta-cages and supercages. The beta-cages are first occupied with water molecules, the supercages subsequently. Water adsorbs to a variety of locations in both beta- and supercages and in different energy levels [33]. The General Statistical Thermodynamic Approach model (GSTA model) [19] analyzes the binding sequence in the zeolite and gives the best representation of water vapor isotherms at different temperatures, thus it is used in the packed bed model presented here.
	Adsorption breakthrough curves were measured at five different mass flows, with all experimental conditions summarized in Table 3.2. A characteristic breakthrough result is presented in Figure 3.4 for a mass flow of 4 g/s. Since adsorption is an exothermic process, the fluid temperature increases across the bed. After the initial increase, the temperature difference reaches a plateau at 2.5 °C. At this point, all of the water is adsorbed and the bed material has heated up to this adiabatic temperature rise. After 56 minutes, the bed becomes saturated, the exit concentration rises and the temperature decreases.
	The model is able to describe the temperature rise across the bed within 2 % error (Figure 3.4). The calculated enthalpy of adsorption is 2 times lower than the maximum value of 4188 kJ/kg, reported by the manufacturer of the molecular sieves [18]. The adsorption enthalpy changes with surface loading, but it is a constant value in the model [19]. The temperature increase in the liquid phase is too small to have any influence on the concentration breakthrough curve, especially on the adsorption equilibrium. Comparing the two models (with and without energy balance), the temperature influence on the concentration profile is less than 1 % (Figure 3.4). The simulation time of the model with temperature dependence was 10 times longer than of the isothermal model (around 1.5 min), because of the addition and coupling of the energy balance with the mass balance. Numerous runs have been performed to obtain the best fit, as described previously. Therefore, the temperature influence is neglected in fitting the other mass flow data (Figure 3.5) by solving only the mass balance and decoupling the energy balance from the model. 
	𝑉, mL/s
	𝑚, g/s
	Table 3.2. Experimental conditions for adsorption, desorption and cyclic steady state runs.
	Tinlet, °C
	Cin, ppm
	Dpore e, m2/s
	kLS, m3/m2s
	uf, m/s
	Dsf, m2/s
	Re
	run
	20.8
	1550
	4.5∙10-12
	1.4∙10-9
	0.91∙10-4
	13.5
	0.002
	1.52
	2
	1a
	21.4
	1680
	4.8∙10-12
	1.4∙10-9
	1.09∙10-4
	20.2
	0.003
	2.27
	3
	2 a
	21.8
	1640
	4.9∙10-12
	1.4∙10-9
	1.24∙10-4
	27.0
	0.004
	3.03
	4
	3 a
	21.5
	1700
	7.1∙10-12
	1.4∙10-9
	1.38∙10-4
	33.7
	0.005
	3.79
	5
	4 a
	22.0
	1750
	2.2∙10-12
	1.4∙10-9
	1.62∙10-4
	47.2
	0.007
	5.30
	7
	5 a
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1129
	138
	0.260
	196.43
	0.55
	6 b
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1233
	164
	0.307
	232.14
	0.65
	7 b
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1331
	214
	0.355
	267.86
	0.75
	8 b
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1424
	239
	0.402
	303.57
	0.85
	9 b
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1512
	265
	0.449
	339.29
	0.95
	10 b
	100
	200
	5.0∙10-7
	2.0∙10-5
	0.1512
	265
	0.449
	339.29
	0.95
	11 c
	1.4∙10-9-2.0∙10-5
	0.003-0.449
	22-100
	1700-200
	4.8∙10-12-5.0∙10-7
	1.24∙10-4-0.1512
	20.2-265
	2.27-339.29
	3-0.95
	12 d
	e taken from Basmadjian et al. [2] 
	a adsorption
	f best fit
	b desorption
	c desorption with external heating
	d cyclic steady state with external heating
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	Figure 3.4. A typical adsorption breakthrough experimental run (run 3 – 4 g/s). The mathematical model accurately describes the concentration profile and temperature rise in liquid DCM due to adsorption. 
	//
	Figure 3.6. The model accuracy for the best fit values of the surface diffusion coefficient. Calculated values are within 15 % of the measured breakthrough curves.
	Figure 3.5. The influence of mass flow on the adsorption breakthrough curve. Different values of the surface diffusion coefficient give the best fit of the experimental data (solid lines), while the average value provides satisfactory results (dashed lines).
	An increase in the mass flow results in a rapid decrease in the breakthrough time, due to a faster saturation of the bed (Figure 3.5). Higher mass flows improve the external mass transfer which influences the initial part of the curve. Complete saturation of the bed takes a relatively long time (more than 10 hours for a mass flow of 2 g/s) since the breakthrough curves have a low slope at a higher loading. The packed bed water content is high at this point so the internal mass transfer dictates the overall process. The model underpredicts this part of the curve. The surface diffusion is a function of the water concentration and increases with water loading. The surface diffusion coefficient is used to fit the adsorption breakthrough curves to the temperature independent model, in the absence of predictive correlations in the literature (Figure 3.5). Individual values of the surface diffusion coefficient provide the best fit for the investigated mass flows, possibly because errors in other estimated parameters are lump-summed in the surface diffusion coefficient as the only fitting parameter. Additionally, the surface diffusion is likely to be a function of the surface concentration [9,10], which is not considered here. This can be the reason for the overestimation of the adsorption at high loading conditions. At high surface loadings the adsorption enthalpy decreases which increases the mobility of the adsorbed molecules [6]. The value of the surface diffusion coefficient lies in the range of 10-12 - 10-11 m2/s, which corresponds well to values reported in literature for water molecules [6,13]. The mathematical model describes the breakthrough time (when Cout/Cin = 0.10) for all mass flows within 7 % accuracy. All calculated data are within 15 % of the measured concentration values (Figure 3.6). Figure 3.7 shows that the bed is utilized more at low mass flow as more DCM is processed before the breakthrough occurs (20 kg at 2 g/s in comparison to 11 kg at 5 g/s). Carton et al. [4] also found that a decrease in the flow rate of liquid ethanol steeply increases the utilization of their 3A molecular sieve packed bed. 
	Sensitivity analysis of the model demonstrates that the surface diffusion has the largest impact on the shape of the breakthrough curve. The effects can be seen in Figure 3.5 – even a small change of Ds from the best fit to the average fitted value decreases the model accuracy. For adsorptive drying of toluene with 4A molecular sieves, surface diffusion was also found to be the rate limiting step [9]. The surface diffusion coefficient is the most dominant at higher surface loadings, so the influence is larger at a higher bed loading. Macropore diffusion also significantly contributes to the breakthrough curve shape (Figure 3.8). The value for the macropore diffusion coefficient (1.4∙10-9 m2/s) is taken from Basmadjian [2] and agrees with values obtained by other authors for water macropore diffusion in molecular sieves [9,10,21]. The liquid film mass transfer resistance and the axial dispersion coefficient do not influence the breakthrough curve, as expected due to proper design of the column (equations 38 and 39). 
	/
	Figure 3.7. Influence of mass flow on the amount of DCM processed. Increase in contact time dries more liquid until the breakthrough, indicating that the most of the mass transfer resistance is in the particle.
	/ 
	Figure 3.8. Influence of the mean pore diffusion coefficient value on the adsorption breakthrough curve at 4 g/s. One order of magnitude change in value effects significantly model predictions, especially in the lower loading region.
	Typical concentration and temperature breakthrough curves for the desorption step are presented in Figure 3.9 for a DCM vapor mass flow of 0.95 g/s. Results are obtained for an initially completely saturated bed. The dry DCM vapor inlet temperature has a lag of 24 min, due to the heating up of the traced tubing and the equipment. This heating profile is identical for all desorption experiments. The transient inlet temperature is used as input for the model. At the beginning of the desorption step, the temperature of the bed outlet quickly rises from ambient to 39-40 °C, which is the boiling temperature of DCM. The energy needed for desorption is supplied by the cooling and condensation of the DCM vapor. The condensed DCM covers the particles, penetrates in the macropores and trickles down between particles and exits the bed together with saturated DCM/water vapor. The temperature rise decreases the zeolite capacity which triggers water desorption. Thus, the outlet water concentration follows the increase of the inlet temperature. After the initial desorption peak, the condensation front travels down the column resulting in an exponential decline in the outlet water concentration due to the decreased bed water content (Figure 3.9b). After 1,8 hours, the heat front reaches the column exit, increasing the outlet temperature. The amount of water desorbed is still significant since the lower parts of the bed are being desorbed more efficiently with DCM vapor of 70 °C. The outlet vapor temperature does not reach the inlet temperature due to the heat loss to the environment.
	/
	Figure 3.9. Representation of a typical desorption breakthrough experimental run (run 3 – 0.95 g/s): a) concentration and temperature breakthrough curves, b) condensation front moving through the bed. 
	The mathematical model of the desorption vapor condensation in the desorbing packed bed accurately describes the bed outlet temperature (Figure 3.9). The model underestimates the peak in the water desorption rate, possibly due to a too high heat transfer coefficient in the vapor phase. A lower heat transfer coefficient for the vapor in the model would give a larger condensation zone, with a higher outlet water content.
	An increase of the vapor mass flow increases the amount of DCM condensed per unit of time and therefore increases the energy provided for desorption. This results in a peak of the desorbed water for 0.95 g/s mass flow (Figure 3.10). For lower mass flows (0.55 g/s and 0.75 g/s), a plateau is present in the amount of the water desorbed. The duration and height of this plateau are also defined by the mass flow and thus by the heat transferred. The results of Schork et al. [15] already demonstrated that the outlet concentration curve consists of two transfer zones separated by a concentration plateau, one transfer zone where external mass transfer dominates, and one where intraparticle mass transfer dominates. The concentration plateau is lost for high mass flows in which case the transfer zones overlap [15]. The second later mass transfer front forms a tail as the concentration difference between the solid phase and the fluid phase decreases with time. 
	Acceleration of the desorption with the increase of mass flow of DCM from 0.55 to 0.95 g/s is obvious in the outlet temperature profile (Figure 3.11). Higher mass flows provide more energy per unit time, resulting in the faster regeneration of the bed. After the increase of the outlet temperature of the fluid, a different steady state is obtained depending on the mass flow. Lower mass flows lead to more heat loss to the environment in a non-insulated bed, as in the work of Schork et al. [15].
	Experimental and model parameters are given in Table 3.2. The model describes a similar trend of the desorption rate (Figure 3.10) with slight deviations in the beginning due to an overestimated liquid phase desorption (Figure 3.11). More efficient desorption at the start of the cycle decreases the concentration in the particle, decreasing the driving force resulting in more tailing for the calculated values than for the experimental results. The model accurately describes the point at which the condensation front travelling down the bed reaches the bottom of the bed, the point at which the temperature at the outlet increases above the boiling point of DCM (Figure 3.11). The pore and surface diffusion coefficients in the model are increased due to the increased temperature compared to the adsorption process. 
	/
	Figure 3.10. Influence of mass flow of DCM on the water desorption breakthrough curve. Higher mass flows emphasize the desorption due to more DCM condensed per unit of time.
	The efficiency of the regeneration step can be evaluated with two parameters: the purge vapor consumption and the energy requirement [14,15]. The purge vapor consumption is usually presented as a function of contact time. This dependence should yield a minimum at which the heat losses to the environment and mass and heat transfer are optimal. Considering that for the experimental system, the main energy supply to the bed is by DCM condensation, the amount of purge vapor needed is constant (Figure 3.12). This also implies that the energy needed for the regeneration is the same for all the mass flows, and is 2200 kJ. The mass flow dictates the regeneration time and heat losses – important for achieving lower bed loading. The second parameter, the energy requirement dependency of regeneration temperature, should have a minimum close to the characteristic temperature [2,14,15]. However, only a temperature of 100 °C is investigated here, due to the safety precautions, preventing the thermal decomposition of DCM at temperatures above 140 °C (120 °C in presence of oxygen) [1]. A higher regeneration temperature would result in a higher concentration peak and a shorter depletion time [16].
	/
	Figure 3.11. Influence of the mass flow of DCM on the outlet fluid temperatures. Arrows represent the moment when the condensation front reaches the bed outlet.
	/
	Figure 3.12. Influence of the mass flow of DCM on the amount of DCM consumed for bed regeneration. At all mass flows, 6 kg were consumed until the outlet fluid temperature rise was observed, meaning that condensation is the main heat transfer mechanism.
	One of the options to overcome the condensed liquid film mass transfer zone is to heat up the bed externally. The experiments were conducted where the column was traced with the temperature maintained at 100 °C, while other conditions remained the same as for the other desorption runs. The desorption concentration peak is now 2.5 times higher than in the experiment without external heating, for a 0.95 g/s mass flow (Figure 3.13). The outlet fluid temperature quickly rises above 40 °C (Figure 3.14) meaning that a vapor DCM phase is present at the column outlet from the start of the experiment. After the initial temperature rise, a plateau is then present at 53 °C. The start of the increase of the outlet temperature corresponds to the peak in the concentration profile. From the water saturation pressure at this temperature, the water desorption rate would be 1.7 mL/min. However, the measured water desorption rate peak is at 2.7 mL/min, meaning that there is also liquid water leaving the bed. Due to efficient desorption, liquid water covers the particles, trickles down and exits the bed together with water saturated DCM vapor. The particle concentration at the bed inlet is significantly decreased after 0.5 h, so the amount of water desorbed starts decreasing in time as the heat wave moves through the bed. Also, the surface of the molecular sieves is dried and desorption occurs completely in the vapor phase. After 1.5 h, the outlet temperature reaches 100 °C with a water content of 0 %: full regeneration has been achieved. This is 0.6 h faster and 2.1 kg DCM used less in case of regeneration without external heating. Additionally, a low residual loading is achieved due to higher temperatures obtained in the bed, resulting in a shorter tailing in the desorbed water profile.
	The temperature plateau for the model result is 12 degrees higher (65 °C) and 3 times longer than for the experimental runs. Reason can be that the heat transfer from the external heating is overestimated leading to higher temperatures in the bed. Also, the model does not account for a liquid water phase present on the surface of the particle. The calculated water desorption rate peaks at the DCM vapor saturation water concentration. Decreased particle loading reduces the driving force for the mass transfer. The result is a sharp decrease in the water desorption rate with the temperature rise. 
	/
	Figure 3.13. Comparison of depletion curves without (run 10) and with external heating of the bed (run 11) at 0.95 g/s mass flow of DCM. The water desorption peak is narrow due to a faster energy supply for desorption in case of thr externally heated bed.
	/
	Figure 3.14. Comparison of fluid outlet temperature profiles without (run 10) and with external heating of the bed (run 11) at 0.95 g/s mass flow of DCM. Temperature rises quickly above the boiling point of DCM resulting in faster water desorption for the externally heated bed.
	Cyclic operation was investigated by carrying out successive runs of adsorption and desorption. Experiments were conducted with DCM for an adsorption mass flow of 3 g/s and a desorption mass flow of 0.95 g/s (Table 3.2). The criterion for ending the adsorption cycle was chosen to be Cout/Cin = 0.15. The following desorption cycle with external heating was performed for the same duration as the preceding adsorption, representing one cycle of a two-packed bed configuration. Based on the measured inlet and outlet concentrations, the loading of the bed is calculated (Figure 3.15). In all cycles, it is seen that the adsorption duration is the same, meaning that bed regeneration is complete in that period of time (1.67 h). The same is represented in the desorption loading profiles, during which the water content of the bed decreases to 0.67 g and 0.81 g of water for the first and the second cycle, respectively. This is expected since the outlet temperature quickly rises to the inlet value of 100 °C, resulting in a low bed loading. Since the bed is only partially saturated with water, a plateau in the outlet temperature profile is not present as in Figure 3.15. After desorption, adsorption is immediately started without an in-between cooling step. The second and third adsorption cycles show the same trend as the first cycle, because high heat capacity and mass flow of liquid DCM quickly cool down the bed. A total of 18 kg DCM was dried per adsorption cycle, with an average water content of 60 ppm. Deducting the 5.7 kg used for desorption, the net amount of DCM dried per cycle is 12.3 kg. The amount of water adsorbed per cycle (34 g) represents 41 % of the maximum bed capacity. 
	/
	Figure 3.15. Cyclic steady state results for experimental run 12 (3 g/s adsorption, 0.95 g/s desorption with external heating). Amount of water accumulated during adsorption step is removed in the following desorption step. Outlet fluid temperature increases quickly to the inlet value, resulting in low residual bed loading.
	In the current work drying of liquid DCM with 3A molecular sieves and the bed regeneration with dry DCM vapor is investigated. Non-equilibrium, non-isothermal and non-adiabatic packed-bed model is fitted to both adsorption and regeneration breakthrough experiments. 
	The adsorption equilibrium results are slightly lower than the results predicted by pure water vapor isotherms from literature for zeolite 3A. Reason is a binder present in molecular sieve beads or an error in the activity coefficient calculation. The NRTL model predicts mutual solubility within 14 % error. DCM does not affect the adsorption equilibrium since it is excluded from the zeolite micropores. The GSTA model is used in the packed bed model as a representation of the pure water vapor equilibrium.
	The plug flow with axial dispersion model provides an accurate description of the experimental adsorption breakthrough results within 15 % accuracy. The surface diffusion coefficient represents the main mass transfer resistance, with fitted values in the range 2.2-7.1∙10-12 m2/s. The surface diffusion coefficient is probably not constant but increases with loading in the zeolite pores due to a decrease in the adsorption enthalpy energy. The dependence of the surface diffusion coefficient on the surface concentration can be the reason why different values were obtained. Sensitivity analysis demonstrates that pore diffusion significantly affects the shape of the breakthrough curve. External mass transfer and axial dispersion do not influence adsorption at the adopted experimental conditions. Since the intraparticle resistance is limiting, longer contact time and smaller particles would provide better utilization of the bed. The temperature influence is negligible during liquid phase adsorption.
	Desorption is limited by heat transfer. DCM vapor condensation provides the energy for water desorption from molecular sieves. However, the formed liquid film also diminishes mass transfer. Increase of the mass flow decreases the time needed to reach the end of the desorption cycle. The DCM consumption is 93 g per 1 gram of adsorbed water for all the mass flows.
	External heating significantly increases the regeneration efficiency, decreasing the needed time from 2.1 to 1.5 h (for 0.95 g/s mass flow). It also reduces the amount of DCM consumed (66 g per 1 gram of adsorbed water), and could be further decreased with future optimization. A lower bed loading is obtained due to higher regeneration temperature achieved in comparison to experiments without external heating. External heating is responsible for faster water desorption and evaporation since only 16 % of the energy is supplied by DCM vapor.
	Cyclic steady state experiments demonstrate the successful regeneration of a partially saturated externally heated bed using dry DCM using at 31.67 % of the adsorption flow rate. A cycle time of 1.67 h is sufficient to desorb the water that accumulates in the preceding adsorption step with a flow rate of 3 g/s. The processed 18 kg of DCM has an average water content of 60 ppm. 
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	We present a novel process for drying chlorine by formation of a clathrate hydrate. Liquid chlorine is dried in a rotor-stator spinning disc (RSSD) heat exchanger, which has heat transfer coefficients up to 10 kW/m2/K, independent of the flow rate. Benefits of this novel drying process are (1) compactness of the spinning disc heat exchanger, minimizing material investments, (2) blocking of the equipment by the adhesive hydrates is prevented by the rotation, and (3) no chlorine contamination by drying agents, e.g. sulfuric acid or zeolite. Batch and RSSD experiments were performed with dichloromethane as a model compound for liquid chlorine. Lower crystallization temperatures result in shorter induction times of the hydrate formation and thus faster water removal rates. Higher mass transfer rates at higher rotation speeds have the same effect. The results show that the RSSD heat exchanger facilitates an elegant, energy-efficient water removal process that can be applied to removal of trace amounts of water from hydrate forming liquids.
	Clathrate hydrates are crystalline solid structures formed by entrapping a small gas or liquid molecule within a water molecule cage [1]. After the initial academic interest since the discovery of the first hydrate of chlorine in 1810 by Sir Humphry Davy [2], the research focused on the prevention of clogging of natural gas pipelines [3]. Various parameters influencing hydrate nucleation and growth are reported in the literature: type of a hydrate former and its size, supercooling, pressure, heat transfer, miscibility with water [1] and mass transfer together with kinetics of interfacial reaction [4]. However, only a few studies were done in liquid phase where water is not the continuous phase. Nowadays research not only focuses on inhibition of the hydrate crystallization, but also on its potential as an energy storage and as a purification method [5]. Applications include separation of CO2, CH4, H2S, H2, N2, and desalination [6]. All these methods are in essence crystallization processes. Crystallization is an important process of the chemical industry for the purification of specialty chemicals and pharmaceuticals, concentration of fruit juices, water purification and desalination of seawater [7,8]. Differentiated according to the method of inducing supersaturation, the most common are crystallization through cooling and through evaporation (adiabatic or isothermal), with or without agitation [9]. In cooling crystallization, a decrease of temperature results in a decreased solubility of the solute. Higher supercooling means higher supersaturation, speeding up the process. Mixing of a fluid plays an important role in crystal formation by improving the heat and mass transfer [10]. However, cooling crystallization is very energy demanding. The energy consumption for seawater desalination can be decreased by hybrid processes based on different hydrate formers: CO2, chlorine [11], propane [4] and different refrigerants [12] with hydrate promoters such as cyclopentane [13]. Opposite to water desalination, here we propose a novel hydrate based process for water removal from a high-temperature hydrate former, such as chlorine. This process is less energy demanding, because clathrate hydrates are not the main product and the water concentration in saturated chlorine is low, around 300 ppm. 
	Since its discovery, chlorine hydrate (Cl2 ∙ 5.75-7.67 H2O; Figure 4.1) has been thoroughly researched, especially for the potential use in desalination processes [11,14,15]. Chlorine is an important industrial chemical involved in many different processes, from producing bleaching and cleaning agents to water purification and the making of vinyl chloride for PVC production. The chlorine production is an indicator of the country’s development of chemical industry, and exceeds 45 million tons per annum worldwide demonstrating its significance [16]. For many uses, chlorine needs to be ultra-dry, mainly due to material issues [17]. Wet chlorine (> 40 ppm of water by weight) corrodes common metals (i.e. stainless and carbon steel) and attacks and/or permeates most plastics. Thus rare expensive materials are required that increase the price of the equipment used [16,18]. Today, the chlor-alkali industry dries chlorine in the gas phase with concentrated sulfuric acid, and molecular sieves to some extent [19]. This narrows down further the material choice for chlorine drying – due to corrosivity of concentrated sulfuric acid or the high temperatures needed for molecular sieve regeneration. Additionally chlorine might be contaminated by the drying agent. New EU regulations are paving the way for more efficient new technologies in the chlorine production [20]. The low operating temperature significantly decreases corrosion rates of wet and dry chlorine on metals, so Hastelloy alloys can be used instead of rare and expensive tantalum [19,21]. Operating at higher pressures (> 8.41 atm) than the common industrial drying process (≈ 1.1 atm) decreases the volumetric flow rate per kilogram of chlorine, leading to smaller and thus safer and cheaper equipment. Pumps for liquid chlorine are also much smaller compared to gas compressors for the same compression ratio. The intensification of heat and mass transfer decreases the crystallizer size even further, leading to a lower CAPEX which improves the economics of the chlor-alkali process. 
	/
	Figure 4.1. Representation of chlorine hydrate. Water molecules (black) form a cage-like structure of vodonic bonds stabilized by chlorine molecules (green) [11]. 
	Hydrates formation is usually prevented in the chlor-alkali process as they are known to cause equipment clogging [22–24]. Chlorine drying in this way has not been investigated before due to the strong adhesion of hydrate crystals to the heat exchange surface. Recent developments in spinning disc technology can be key to facilitating a hydrate crystallization process [25,26]. The fast rotating disc increases the micromixing in the fluid [27], while the high shear force continuously removes crystals that might have adhered to the heat exchange surface. The RSSD apparatus is a novel type of intensified equipment with high gas-liquid [28–31], liquid-liquid [32], liquid-solid [33] mass transfer. Additionally, high heat transfer coefficients up to 10 kW/m2K are achieved [34,35]. This work investigates hydrate crystallization in the high shear environment of a RSSD crystallizer. The effect of supercooling, supersaturation and stirring speed on hydrate formation is investigated in batch experiments. Furthermore, the performance of the RSSD crystallizer is evaluated at varying conditions of supercooling, residence time and rotation speed using dichloromethane as a model compound.
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	Figure 4.2. Hydrate crystallization process scheme. Wet liquid chlorine is cooled to -10 °C to produce hydrates. Cold dry liquid chlorine is used in the cooling channels for the heat recuperation, decreasing the amount of additional cooling needed. After the separation from dry liquid chlorine, hydrates are melted resulting in liquid chlorine (recirculated back to the inlet of the crystallizer) and liquid water (removed from the system). 
	The proposed drying process (Figure 4.2) is based on a liquid phase hydrate former that contains water – for example chlorine or dichloromethane. The phase diagram for chlorine is given in Figure 4.3. The process is operated at a pressure above 8.41 atm (Figure 4.3, point Q [11]) in the region where chlorine is liquid. Liquid chlorine containing water (up to a solubility limit of 300 ppm) forms hydrates below 28.3 °C. A temperature below -10 °C is needed to obtain a chlorine water content below 42 ppm by weight of water [36]. The formed hydrate crystals (410 mg/kg of dry chlorine) are separated based on the density difference between dry liquid chlorine and hydrates in the centrifugal field of the RSSD crystallizer – 1.22 g/cm3 [14] compared to 1.33 g/cm3 of liquid chlorine [21]. The crystals are consecutively melted to form liquid water and wet liquid chlorine (represented by an external heat exchanger), which again are separated based on the density difference, and wet chlorine is recirculated to the crystallizer inlet (Figure 4.2). Cold dry chlorine is used for heat recuperation through the RSSD crystallizer cooling channels to minimize the energy requirement. In that way only the energy for hydrate formation of 110 J/kgchlorine (ΔHf  = -51.3 kJ/molehydrate [11]) has to be supplied to the system, if heat losses to the environment are neglected. 
	/ 
	Figure 4.3. The chlorine – water phase diagram based on Bozzo et al. [11] and Wilms et al. [14]. Depicted phases are gaseous (G) and liquid (L) chlorine, liquid (L) water and solid hydrate (H). Q represents the quadruple point (28.3 °C, 8.41 atm) when all 4 phases are present – liquid and gaseous chlorine, liquid water and solid hydrate.
	Experiments were performed using dichloromethane (methylene chloride; DCM) as a model compound for liquid chlorine, due to health and safety limitations of chlorine under high pressure. At atmospheric pressure, DCM resembles liquid chlorine above the upper quadruple point, just with a higher water solubility (1700 ppm at 25 °C [37]) due to polarity, improving the accuracy of water content measurements. The molecular size is comparable with the chlorine since two bulky chlorine atoms determine the dimensions of DCM. It also forms hydrates at 1.9 °C at atmospheric pressure [37,38]. 
	The experimental setup is depicted in Figure 4.4. DCM (VWR, the Netherlands) was saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1) and then separated prior to the experiments. The water concentration was measured during the batch experiments (60 mL of DCM) in a glass jacketed vessel with the coulometric Karl-Fischer titration (Metrohm Applikon Coulometer KFT 899) by taking 0.5 mL samples with a syringe. The cooling unit (Huber Ministat 230cc) was pre-cooled to a set temperature, to avoid influencing the measurements by the dynamics of the cooling unit. The initial water content (1000 – 1700 ppm) and the cooling temperature (0 °C and -10 °C) were varied to evaluate the influence of supersaturation and supercooling. The quiescent and stirred measurements (with a magnetic rod) were compared to investigate the effects of turbulent conditions similar to those in the RSSD crystallizer. DCM reached the coolant temperature within 5 minutes for the quiescent and 1 minute for the stirred experiments. Temperature was measured with a digital thermometer (Prima Long). 
	/ /
	Figure 4.4. Schematics of the experimental setup (left) and an actual photo (right) of the batch measurements. The measurements were performed with and without stirring, to investigate the influence of mixing on DCM hydrate formation. 0.5 mL samples were analyzed using Karl-Fischer titration. TI – temperature indicator (thermometer).
	The RSSD crystallizer used for the hydrate crystallization is depicted in Figure 4.5, together with the complete experimental system. The crystallizer (made out of 316L stainless steel) consists of three enclosed rotors on a single shaft (17 mm radius), driven up to 4000 RPM by an SEW Eurodrive (CFM71M). The outer disc radius is 66 mm, while the radius of the cylindrical housing is 76 mm. The height of a single stage is 8 mm, while the thickness of the discs is 4 mm. The axial clearance between the rotor and the stator is 2 mm, resulting in a total crystallizer volume of 266 mL for all three stages. Detailed information about a crystallizer design has been described previously [31,34,35]. Rectangular meandering channels (width 16 mm, height 4 mm) were present in the stators for heat exchange with the rotor compartments (transfer area 0.0343 m2 per stage). An ethylene glycol – water solution was supplied to the bottom stator and withdrawn from the top stator. The cooling liquid was cooled using a Lauda WKL 1200 circulation chiller, while the crystallizer and all the lines were insulated. DCM saturated with water was fed from the top of the RSSD crystallizer. The flow meter (Coriflow Bronkhorst M55) controlled the liquid flow rate of the pump (Gather magnetically coupled gear pump) up to 21 mL/s. Cold DCM with a hydrate slurry was withdrawn from the bottom of the crystallizer and recirculated to the jacketed vessel through a glass tube. A glass tube with a square cross section (40 mm width) was used for an inline photo acquisition with a high-speed camera (IDT MotionPro X4) to determine the size of the crystals at the exit of the crystallizer. In a jacketed vessel (2.5 L) the hydrates were melted and DCM was resaturated by mildly stirring (60 RPM) with a demineralized water layer on top of it. The temperature inside the vessel was maintained at 19–21 °C by a Lauda Ecoline RE 310 using demineralized water as a heat transfer medium. Temperature (Metatemp Pt100) and gauge pressure sensors (Sensor Technics 26PC) were installed at the inlet and outlet of the crystallizer, together with sampling ports for subsequent water analysis by Karl-Fischer titration. Steady state conditions at a given flow rate and rotational speed were taken at a constant outlet temperature and a constant outlet water concentration. The experimental flow rates were 8.25 and 5.16 mL/s at 0 °C and -7 °C at the rotational speeds varying from 0 to 1000 RPM.
	The hydrate holdup experiments in the RSSD crystallizer were performed for 4 hours (at steady state conditions) at a set temperature, flow rate and rotational speed, after which the flow was stopped and the valves before and after the crystallizer were closed. The crystallizer was then heated up to 20 °C, drained and additionally flushed with DCM. The outflow was collected in a graduated cylinder. The volume of water present as the lighter liquid phase was then measured.
	Figure 4.5. Schematic representation of the spinning disc crystallization unit. The crystallizer and vessel temperatures were regulated with the external cooler and heater via TC1 and TC2 temperature controllers, respectively. Water content was measured at the inlet and outlet of the crystallizer by Karl-Fischer titration of collected samples. FC – mass flow controller; PI – pressure indicator; TI – temperature indicator; TC – temperature controller.
	Photos were analyzed with MatLab®’s Image Processing Toolbox®. Equally lit regions were cropped from the acquired photos and then converted to black and white images to detect edges of crystals using the edge command with the Sobel filter (Figure 4.6). A closed edge line was identified as an object. Detected edges were dilated with imdilate and the objects were filled with imfill. With regionprops the geometric center of the two dimensional objects was determined. A crystal diameter was calculated as a surface averaged diameter. At least 220 particles were analyzed per rotational speed. 
	/
	Figure 4.6. Representation of a high-speed camera photo of crystals for size distribution analysis. Experimental conditions – 5.16 mL/s, 500 RPM, -7 °C. In this case, the area in the middle is analyzed for crystal size. The hydrates are not completely spherical.
	The water content in DCM in the batch experiments versus time is shown in Figure 4.7. At 0 °C an induction time of 1.5 hours appears to be present, during which the solution is opaque. In this period, critically stable hydrate nuclei are formed, while nuclei with a smaller radius than the critical one are re-dissolved, as reported in literature [39]. The supersaturated system is in a state of metastability until the appearance of first hydrate clusters larger than the critical sized nuclei [40]. The actual water content in DCM has decreased but the measured values are only 10 % lower than the initial concentration due to the crystals in the solution affecting the sampling in this period. After 1.5 hours, the solution becomes clear and the water concentration drops steeply, due to a rapid hydrate crystal growth at the wall of the previously formed critical sized nuclei. The experiments at -10 °C show a shorter induction time of 0.5 h. The initial concentrations of 1620 ppm and 970 ppm do not influence the induction time at -10 °C. However they do influence the initial slope due to a larger supersaturation (Figure 4.7). Comparing the results for 0 °C and -10 °C shows that supercooling dominates the hydrate formation process by increasing the driving forces. Only a few formed crystals are present in the bulk due to stirring, while the majority remains attached to the side walls.  Hydrates are not observed in the bulk but only on the heat exchange surface, because of their strong adhesion to interfaces and because the temperature is lower at the heat exchange surface (Figure 4.9).
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	Figure 4.7. The water concentration decreases during the batch experiments without stirring. Solid lines indicate the initial induction phase and the first order growth phase. The induction time is shorter for -10 °C experiments in comparison to 0 °C due to a higher supercooling – 0.5 h compared to 1.5 h. The difference in the initial concentration at -10 °C (1620 ppm and 970 ppm) does not influence the induction time and dynamics of crystallization, meaning that supersaturation alone is not rate determining. 
	/
	Figure 4.8. The water concentration decrease during the batch experiments stirred at 500 RPM. Solid lines indicate first order behavior for crystal growth. No induction time is observed at both temperatures. The lower temperature at -10 °C reaches a lower equilibrium concentration 20 min faster than experiments at 0 °C due to higher supercooling. 
	Experiments with stirring at 500 RPM show that the time needed to reach the equilibrium water concentration is significantly decreased (Figure 4.8). For 0 °C, the equilibrium is reached within 0.5 h, which is 1.2 h shorter than for the experiments without stirring at the same temperature. For -10 °C measurements, the equilibrium is reached within 10 minutes in comparison to 48 min for experiments without stirring. There are two explanations for this: (1) the induction time is reduced by a steeper decrease in temperature and by the intensity of stirring [41], and (2) the stirrer prevents the adhesion of crystals at the bottom of the vessel, maintaining the high heat transfer through this heat exchange area (Figure 4.9). A lower temperature is more favorable for hydrate crystallization due to higher supercooling which speeds up the process kinetics. At -10 °C more water (55.1 mg) is removed 20 minutes faster than for 0 °C (33.3 mg). 
	Figure 4.9. The schematic representation of hydrate growth. Hydrates form on the walls and on the bottom of the experimental vessel in case of the quiescent conditions (left) presenting the heat transfer resistance for further growth leading to a long induction time. In case of the stirred experiments (right), the stirrer keeps the bottom of the vessel clear of hydrates, improving both the heat and mass transfer resulting in a faster growth of the hydrates on the vessel walls. White lines depict poor heat transfer while black lines represent high heat transfer. Additionally, stirring improves the mass transfer facilitating the crystal growth on the walls.
	A first order reaction model was applied to quantify the experimental dynamics of the hydrate formation after the induction period (Figure 4.7 and Figure 4.8):
	where concentrations are given in ppm. The hydrate formation kinetic constant k is a fitting parameter that depends on stirring rate (w) and temperature (T).
	Table 4.1. The obtained values for the kinetic constant of hydrate formation from equation 4.1 at different experimental conditions. The lower temperature and increased rotation speed up the crystallization due to the higher supercooling and increased mass transfer. Change in the initial concentration at -10 °C decreases the hydrate formation kinetics.
	The values for the hydrate formation kinetic constant (Table 4.1) show the significance of stirring for the hydrate crystallization. Since the DCM temperature is rapidly at steady state, the mass transfer determines the growth rate. The increased mass transfer speeds up the process 2.3 to 4.1 times, for 0 °C and -10 °C, respectively. The decrease in the initial concentration from 1620 to 970 ppm at -10 °C for the experiments without stirring results in a lower value for the kinetic constant. The higher supersaturation creates more crystal nuclei leading to a higher surface area and thus a faster growth rate. The temperature and stirring have a larger influence on the hydrate formation. A lower temperature increases the formation kinetic constant 2.1 times in quiescent conditions and 3.9 times for experiments with stirring. The same effects of supercooling are observed in literature, stating that a low-temperature condition has a positive effect on hydrate formation kinetics [8,13]. 
	The equilibrium water content was compared to solubility values from literature [37]. From Figure 4.7 and Figure 4.8 it is obvious that the measured equilibrium water concentrations for 0 °C do not match with those from the IUPAC-NIST database. The average equilibrium water content of 8 measurements is 811 ± 9 ppm at 0 °C, compared to 768 ± 39 ppm reported in literature [37]. However, the standard deviation of the smoothing equation suggested by NIST has a high value, which leads to a wide confidence interval. Out of 29 values used for their correlation, only 6 are evaluated between 0 °C and -20 °C. The equilibrium water concentration from our experiments is 505 ± 10 ppm at -10 °C, which agrees well with the literature value of 522 ± 33 ppm. Table 4.2 summarizes water solubility in DCM at four hydrate formation temperatures. 
	Table 4.2. The measured values of water solubility in DCM in the hydrate region. Comparing the confidence interval of these values to the literature demonstrates the accuracy of the measurements.
	Figure 4.10 shows results at different operating conditions for the spinning disc experiments. Continuous sampling of the inlet showed that the water concentration has been successfully maintained at 1410 ± 20 ppm, demonstrating the effective heating and re-saturation of DCM in the storage vessel. The cooling unit temperature is set to -3 °C to compensate for the heat in-flow from the environment for 0 °C experiments. The rotation speed increase from 0 to 250 RPM does not influence the hydrate formation rate significantly, since the measured outlet water content is the same in case of both experimental flow rates used. Under these conditions, the collected samples are opaque because the mass transfer is not high enough to enhance the growth of crystals – similar to the case of batch experiments during the induction period. At rotational speeds above 500 RPM, a flow rate of 5.16 mL/s results in lower outlet water concentrations due to a longer residence time (52 s) allowing for crystal growth at same supersaturation and supercooling. At 1000 RPM, 877 ppm of water is measured, which is 66 ppm off from our equilibrium value at 0 °C. This is expected based on the conclusions of the batch experiments, due to the higher mass transfer in a well-mixed RSSD crystallizer at rotational speeds above 500 RPM. The crystals grow on the heat exchange surface (stator wall) before they are removed by the shear force after which growth continues in the bulk. For 8.25 mL/s flow rate, an increase in the rotational speed from up to 1000 RPM results in 1098 ppm due to a shorter residence time of 32 s. The amount of removed water at 1000 RPM is 3.42 mg/s and 3.66 mg/s in case of 8.25 mL/s and 5.16 mL/s flow rate, respectively. 
	/
	Figure 4.10. The outlet water concentration dependency on the rotational speed at 0 °C and -7 °C. Similar as for the batch experiments, the rotational speed increase and the lower temperature result in the lower water concentration, due to the higher supercooling and the faster mass transfer. The longer residence time at 5.16 mL/s flow rate yields the lower outlet water concentration compared to 8.25 mL/s results at 0 °C. 
	The influence of supercooling is investigated for the flow rate of 5.16 mL/s (Figure 4.10). Although the cooling unit set point temperature is -12 °C (minimum value for Lauda WKL 1200), the heat inflow from the environment limits the DCM outlet temperature to -7 °C for countercurrent cooling. The higher supercooling than in the 0 °C experiments leads to a lower water content, even at a rotational speed of 100 RPM. At the rotations higher than 100 RPM, the outlet water concentration is close to the equilibrium value given in the literature for -7 °C (595 ppm) – 677, 667 and 625 ppm is measured at 250, 500 and 1000 RPM, respectively. This demonstrates the importance of supercooling for DCM hydrate crystallization, combined with the intense mass transfer at faster rotations, in agreement with literature [1]. At 1000 RPM 5.39 mg/s of water is removed at -7 °C, compared to 3.66 mg/s at 0 °C for the same flow rate.
	The inlet and outlet water concentrations in DCM give the overall mass transfer rate kLSaLS using a three CSTRs in series model for the three stage RSSD heat exchanger. The water concentration in DCM is based on the following mass balance per stage:
	where Ceq is the equilibrium water solubility at the outlet temperature, assuming a constant temperature (-7 °C) in the whole RSSD crystallizer. 
	Figure 4.11 shows the fitted values of the overall mass transfer rate kLSaLS. As previously mentioned, below 250 RPM the benefits of rotation are minor resulting in the low mass transfer rate for experiments at 0 °C. At this temperature, comparison of the kLSaLS values for the two flow rates above 500 RPM shows the influence of the residence time. The temperature has the largest effect on hydrate formation in the RSSD crystallizer: at 1000 RPM the kLSaLS value is 3 times higher in case of -7 °C than for 0 °C at 5.16 mL/s flow rate. The lower temperature leads to more formed crystal nuclei resulting in a larger surface area for the growth.
	/
	Figure 4.11. The fitted values of the overall mass transfer rate kLSaLS. The crystallizer inlet and outlet water concentrations in DCM are used as an input for the three CSTRs in series model (equations 4.2-4.4). Supercooling plays the dominant role in the hydrate crystallization under the investigated conditions.
	To quantify the crystal size distribution at -7 °C, in-flow photos are acquired at 250, 500 and 1000 RPM. Figure 4.6 shows a typical photo used for the particle size determination. The high speed camera photos are analyzed with the Image Processing Toolbox® in MatLab® based on which a histogram is made (Figure 4.12). The average crystal diameter is determined assuming spherical particles, although the hydrate crystals are not completely spherical, as can be seen in Figure 4.6. The majority of the crystals is smaller than 0.4 mm, due to the high shear force present in the RSSD crystallizer. The rise in shear force by an increase of rotational speed from 250 to 1000 RPM results in fewer crystals larger than 0.4 mm.
	/
	Figure 4.12. Histogram presenting hydrate crystal size distribution. The high speed camera photos are analyzed by the Image Processing Toolbox® in MatLab® assuming spherical particles. Majority of the crystals are smaller than 0.4 mm, due to the high shear force present in RSSD crystallizer.
	The particle size distribution can also be affected by micromixing. The liquid is mixed more intensely by increasing the energy dissipation with the increase in the rotational speed of the disc. Using the correlation of de Beer et al. (equation 4.5), the energy dissipation (ϵ) is 11.1 W and 210 W at 250 RPM and 1000 RPM, respectively. Originating from the expression for the characteristic time for diffusion and shear from Baldyga et al. [42], the equation of Moore (equation 4.6) estimates the micromixing time (tms) of 0.64 ms and 0.15 ms in case of 250 RPM and 1000 RPM, respectively. This value is significantly smaller than for the Rushton stirrer (in the range of 100 ms) which is applied in industrial crystallizers. Increasing the rotational speed 4 times decreases the micromixing time 4.3 times, as expected from the equations 5 and 6 (tms ~ ϵ-0.5 ~ Re-1.06 ~ ω-1.06). Shorter micromixing time means supersaturation is more evenly distributed in the liquid when the nucleation starts leading to uniform particle size distribution [42]. Further increase in rotational speed would increase energy dissipation and thus shorten micromixing time (tms1/ tms2 = (ω2/ω1)1.06), which would eventually be shorter than the nucleation time, ideally leading to a single particle size. However, more accurate particle size should be adequately measured to quantify the size distribution below the 0.2 mm diameter. 
	In the transition from one steady state at one rotation speed to another steady state at a higher rotation speed we noticed a temporary increase in crystal size and the amount of crystals in the outlet. This leads us to suspect that an accumulated amount of adhered hydrates on the cooling surfaces is removed from the heat exchange surface by increasing the shear force. To investigate the amount of hydrates in the RSSD crystallizer, the residual water holdup is measured at -7 °C and 5.16 mL/s at different rotational speeds, as explained in the Experimental part of this chapter. The total amount of water removed during 4 hours of the steady state operation is 78 mL under mentioned conditions. Figure 4.13 shows that the crystallizer holdup at 100 and 250 RPM is 13.5 and 14 mL due a low shear force, respectively. As expected, at 1000 RPM the lowest water holdup is measured (4 mL) due to the high shear force, providing the lowest measured outlet concentration. The hydrate holdup in the DCM flow out of the reactor is 1.2 % according to the image analysis, leaving for the amount of actual adhered hydrate 10.8 mL and 0.8 mL of water for 250 RPM and 1000 RPM, respectively. Assuming that the hydrate layer is the same in all three compartments, the thickness of this layer is 0.11 mm and 0.01 mm at 250 RPM and 1000 RPM, respectively. This might explain why the majority of crystals are smaller than 0.2 mm in Figure 4.12. 
	Blockage of the crystallizer only occurred for the experiment at -7 °C without rotation. The flow shear force is not sufficient to remove the adhered hydrates resulting in a steep pressure increase and eventually complete clogging of the RSSD crystallizer.
	/
	Figure 4.13. The water holdup dependence on the rotational speed at 5.16 mL/s and -7 °C. The experiments are performed at the constant rotation for 4 hours after which the flow is stopped, the valves before and after the crystallizer are closed and its content is heated up. Draining and flushing the crystallizer with water saturated DCM shows presence of a liquid water layer present on top of the DCM saturated with water. The water holdup is higher at 100 RPM and 250 RPM due to the lower shear force present during experiments, meaning more hydrates are attached to the heat exchange surface. Increase in shear force due to rotation decreases the water holdup for more than 10 mL above 500 RPM. 
	An experimental study is performed on water removal from liquid dichloromethane in form of hydrates. Batch and RSSD crystallization experiments show that increased supercooling and mixing accelerate the hydrate formation. Hydrates formed on the heat exchange surface of the jacketed vessel, where the temperature of the solution is the lowest. 
	The RSSD crystallizer is an essential part of the novel drying process by formation of hydrates. Low temperatures have a positive effect on hydrate formation. Further savings could be achieved by heat integration and cheaper material choice due to low operating temperatures minimizing corrosion. Other benefits of this novel drying process are prevention of hydrate blocking of the equipment by the rotation and no chlorine contamination by drying agents, e.g. sulfuric acid or zeolite.
	Besides DCM and chlorine, this approach can be used for drying other liquids, not necessarily hydrate formers. In that case, hydrate formation is triggered by a secondary guest (preferably a gas) for water removal. 
	Latin symbols
	C water concentration in DCM as a function of time during batch experiments, ppm
	Ceq equilibrium water concentration in DCM at a certain temperature, ppm (batch experiments) and kmol/m3 (RSSD experiments) 
	Cin inlet water concentration in DCM during RSSD experiments, kmol/m3 
	Cout outlet water concentration in DCM in the third (last) RSSD compartment, kmol/m3
	C1 water concentration in DCM in the first RSSD compartment, kmol/m3
	C2 water concentration in DCM in the second RSSD compartment, kmol/m3
	k kinetic constant of hydrate formation during batch experiments, affected by the stirring rate (w, RPM) and temperature (T, °C), s-1 
	kLSaLS overall mass transfer rate during RSSD experiments, m/s
	t crystallization time, s
	Vstage volume of the single stage, 89 mL
	Greek symbols
	ΦDCM DCM volume flow rate during RSSD experiments, m3/s
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	Drying of liquids is an important process in chemical industry, performed by different techniques, one of which is liquid-liquid extraction. A multiple rotor-stator spinning disc contactor is used for co-current drying of DCM with concentrated sulfuric acid with respective flow ratios from 5:3 to 10:3 mL/s. The sulfuric acid holdup and mass transfer rates were determined experimentally. The sulfuric acid holdup increases with rotational speed and decreases with the total flow rate. The overall mass transfer coefficient increases from 5∙10-3 1/s at 250 RPM to 0.074 1/s at 1000 RPM. Above 1000 RPM a stable emulsion of DCM in sulfuric acid forms, resulting in experiments not being possible. A solution to this bottleneck, which is also present in centrifugal extractors, would be a machine with a tunable shear and centrifugal force. Nevertheless, this contactor provides excellent performance in a compact size.
	Dichloromethane (methylene chloride; DCM) has the ability to dissolve many organic compounds making it one of the most widely used chlorinated solvents [1]. Since its boiling temperature is only 40 °C, DCM is ideal for use with thermally sensitive compounds, such as pharmaceuticals. For specialty pharmaceuticals, DCM should be exceedingly pure and have low water content. The industrial production process of DCM however contains water as an impurity [1]. 
	A possible separation technology for DCM drying is liquid-liquid extraction. A suitable solvent has to be immiscible with DCM while having high affinity towards water [2]. The ideal candidate is concentrated sulfuric acid, with its negligible water vapor pressure and low price [3]. The density difference of the DCM – concentrated sulfuric acid system is sufficient to separate the phases after mixing (see Table 5.1) [4]. However, extremely high acid viscosity hinders the mass transfer. The size of multiphase extraction apparatus, such as packed beds [5], rotating disc columns [5] or mixer-settlers [6], is determined by the mass transfer rate. Large equipment results in a longer processing time and thus involves safety challenges.
	This chapter investigates the performance of the multistage rotor-stator spinning disc contactor for DCM drying with concentrated sulfuric acid. The rotor-stator spinning disc contactor (SDC) is a novel type of intensified equipment with high gas-liquid [7–10], liquid-solid mass transfer [11] with heat transfer coefficients up to 10 kW/m2K [12,13] being reported. The liquid-liquid volume fractions are measured in a single stage apparatus with the n-heptane – water system [14]. The extraction of benzoic acid from n-heptane to the water phase results in overall mass transfer rates up to 60 m3L/m3R∙s, demonstrating the potential of the spinning disc technology [15]. The DCM – acid system used in this work however represents the real industrial drying case. Low acid flow rates, asymmetric flow ratios and various rotational speeds determine the viscous acid holdup. The extraction of water from DCM into concentrated sulfuric acid phase gives the overall liquid-liquid mass transfer in the multistage rotor-stator spinning disc contactor.  
	The multi-stage spinning disc contactor used for the co-current liquid-liquid extraction is depicted in Figure 5.1, as part of the experimental setup. The stainless steel contactor consisted of three enclosed spinning discs on a single shaft (17 mm radius), operated up to 4000 RPM by a SEW Eurodrive motor (CFM71M). The outer disc radius was 66 mm, while the radius of the cylindrical housing was 76 mm. The height of a single stage was 8 mm, while the thickness of the discs was 4 mm. The axial clearance between the rotor and stator was 2 mm, resulting in a total contactor volume of 266 mL for all three stages. Detailed information was previously described [10,12,13]. 
	Figure 5.1. A schematic representation of the co-current liquid-liquid extraction in the multiple spinning disc contactor setup. The black line represents the DCM tubing, the grey line represents the concentrated sulfuric acid tubing while the dashed black-grey line depicts the tubing where both phases were present. The flow rates of DCM and the acid phase were regulated by the controllers FC1 and FC2, respectively. The inlet and outlet temperatures were monitored via TI1 and TI2 temperature indicators. The DCM water content was measured at the inlet and the outlet of the contactor by Karl-Fischer titration of collected samples. FC – mass flow controller; PI – pressure indicator; TI – temperature indicator.
	DCM (VWR, The Netherlands) and 98 % sulfuric acid (Merck) were fed into the rotor stator spinning disc contactor from the top, through separate inlets close to the shaft. Coriflows (Bronkhorst M55) controlled the liquid flow rates of the pumps (Gather magnetically coupled gear pump) up to a maximum of 60 mL/s and 30 mL/s for DCM and the acid phase, respectively. For the mass transfer measurements DCM was saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1). The DCM flow rates were 5, 7.5 and 10 mL/s with the rotation speeds ranging from 0 to 1000 RPM. The experiments were performed with acid flow rates of 3 and 6 mL/s (flow ratios of 0.23, 0.29 and 0.38 m3acid/m3total). The temperature (Metatemp Pt100) and gauge pressure sensors (Huba control type 520) were installed at the inlet and outlet of the contactor, together with the sampling ports for the subsequent water analysis in the Karl-Fischer titration apparatus (Metrohm Applikon Coulometer KFT 899). After intimate contact of the two phases at high shear conditions of the contactor, both phases were together withdrawn from the bottom of the contactor and recirculated back to the glass graduated cylinder (2 L volume). The operating conditions (flow rates, flow ratio, rotational speed) influenced the holdup of the phases. The steady state acid holdup in the contactor was measured by marking the interphase level in the graduated cylinder acting as a feed and collection vessel. At the same time, 2 mL DCM samples were taken to measure the water concentrations at the inlet and outlet of the contactor for 2 minutes every 30 seconds. From the water content measurements, the overall mass transfer rate coefficient (kLLaLL) is calculated by the three CSTRs in series per phase model, as recommended by the work of Visscher et al. [14], assuming quasi steady state conditions (Figure 5.2).
	/
	Figure 5.2. A schematic representation of the model. A single stage was described as a CSTR per phase. DCM and 98 % sulfuric acid were flowing co-currently. kLLaLL was used as a fitting parameter.
	The water concentration in DCM is calculated based on the following mass balances per stage:
	The mass balances for the water in the acid phase are: 
	CAcid is the water concentration in the acid bulk expressed in DCM units, and cDCM is the water concentration in the DCM bulk expressed in acid units. These water concentrations were calculated using the water fugacity expression in the DCM and the acid:
	xDCM is determined from the water concentration in the DCM phase, giving the water vapor pressure (pAcid) and thus the acid concentration. Inversely, the acid concentration gives the corresponding water vapor pressure in the acid from which the DCM water content follows. The water vapor pressure in sulfuric acid of different concentrations is taken from literature [3].
	However, even if the complete DCM water content is transferred (Table 5.1), the sulfuric acid dilution would be low, so the water concentration would not change in the acid phase. This simplifies the model into three CSTRs in series for only the DCM phase, where CAcid is assumed constant and is 0.0158 ppm. Measured inlet and outlet water concentrations in DCM are used to estimate the kLLaLL value.  
	Table 5.1. Density, viscosity, water concentration and water vapor pressure of DCM and sulfuric acid.
	The effects of the flow ratio on the holdup of the acid in the contactor are shown in Figure 5.3. An increase of the rotational speed from 100 to 500 RPM halves the holdup for all flow ratios, as noticed in the work of Visscher et al. [14]. This decrease is the most significant in the case of 5 mLDCM/s : 3 mLacid/s flow ratio (0.38 m3acid/m3total) changing from 0.39 to 0.20 m3acid/m3R. In the transparent single stage rotor-stator apparatus, holdup of the lighter n-heptane phase on the top of the rotating disc is two times larger than in the compartment below, where it is dispersed as droplets [14]. A thin film of sulfuric acid is thought to form on the top of the rotating discs due to dispersion by centrifugal force. Above this film bulk DCM recirculates. Below the rotating discs, the acid is assumed to be a continuous phase, containing the dispersed DCM droplets sheared off at the rim of the disc (as compared to the gas-liquid system [18]). Thus, the increase of the rotational speed in this range decreases the acid film thickness on top of the discs and disperses more DCM droplets in the acid phase below the rotating discs, decreasing the acid holdup (as discussed in the following paragraphs). A further increase of the rotational speed from 500 to 1000 RPM increases the acid holdup for 0.05 m3acid/m3total, irrespective of the flow ratio. Counter intuitively, a decrease of the acid flow ratio from 0.38 to 0.23 m3acid/m3total (increase of the DCM flow rate from 5 to 10 mL/s) increases the acid holdup at all rotational speeds for a constant flow rate of the concentrated sulfuric acid of 3 mL/s. The reason is that more large DCM droplets are sheared off into the continuous acid phase at increased DCM flow rate.
	/
	Figure 5.3. The effects of the DCM flow rate on the acid holdup. The markers represent the ratio of the DCM flow rate (mL/s) and the acid flow rate (mL/s). The acid holdup initially decreases by increasing the rotation speed from 100 to 500 RPM, after which it increases slightly. The higher volumetric DCM flow rate increases the acid holdup.
	/
	Figure 5.4. The effects of the total volume flow rate on the acid holdup. The markers represent the ratio of the DCM flow rate (mL/s) and the acid flow rate (mL/s). The acid holdup significantly increases when the total volumetric flow rate is doubled. Increase in the rotational speed continuously decreases the acid holdup, compared to the observed minimum for the halved volumetric flow.
	Figure 5.4 presents the effect of the total flow rate at a constant flow ratio of 0.38 m3acid/m3total. Compared to 5 mLDCM/s : 3 mLacid/s flow rates, the acid holdup for 10 mLDCM/s : 6 mLacid/s flow rates exhibits no minimum in the range of rotational speeds investigated. An increase of the rotational speed from 100 to 1000 RPM continuously decreases the holdup of sulfuric acid from 0.61 to 0.47 m3acid/m3total. 
	A twofold increase in flow rates of DCM and concentrated sulfuric acid increases the acid holdup for 0.34 m3acid/m3total. As reported in literature, higher throughputs diminish the effects of rotation governing the flow regime [12]. In other words, higher rotational speeds are needed to have the same energy dissipation. Presumably, this means that the sulfuric acid film on the top of the discs is thicker at higher acid flow rates, while below the discs DCM flows in continuous spirals through the acid instead of dispersed droplets (as reported by Visscher et al. [14]). 
	Above 1000 RPM, an emulsion of DCM in sulfuric acid is observed. This supports the hypothesis that the acid is the continuous phase at the region below the rotating discs. A high viscosity of the concentrated sulfuric acid hinders DCM droplets coalescence, resulting in a stable emulsion at high shear conditions. 
	The mass transfer results are depicted in Figure 5.5. At rotational speeds lower than 500 RPM there is no intense mixing of the two phases since the effects of the rotation are low and the through flow governs the hydrodynamics and the mass transfer. As mentioned in the previous section, the two phases do not mix significantly as the centrifugal force disperses the acid as a thin film on top of the disc decreasing its residence time, and the DCM is present as a continuous spiral in the acid phase below the disc. The highest fitted kLLaLL value in this region of rotational speeds is 0.05 1/s at 100 RPM for flow rates of 10 mLDCM/s and 6 mLacid/s. This value is more than 5 times higher than in case of the other two flow rates (10 and 7.5 mLDCM/s at a constant acid flow rate of 3 mLacid/s). The reason is due to more intense mixing of the two liquids based on the larger through flows. A higher acid flow rate results in a thicker film on the disc surface and thus longer acid residence time. An increase of only the DCM flow rate from 7.5 to 10 mLDCM/s decreases the overall mass transfer rate coefficient from 0.015 to 0.004 1/s at 500 RPM due to a shorter DCM residence time.
	/
	Figure 5.5. kLLaLL value at different flow rates and flow ratios. The markers represent the ratio of the DCM flow rate (mL/s) and the acid flow rate (mL/s). Increase of the DCM flow rate decreases its residence time resulting in a lower kLLaLL value. The intense mixing caused by the disc rotation enhances the kLLaLL value. Doubling the total flow rate significantly increases the kLLaLL value at lower rotational speeds due to a larger mixing of the two phases.
	A faster disc rotation enhances the shear force acting on the liquids resulting in more dispersion of DCM in the acid phase, as mentioned in the previous section. This enlarges the interfacial area, amplifying the overall mass transfer rate. Compared to the conditions below 500 RPM, the fitted kLLaLL value increases more than 10 times (up to 0.074 1/s) with the increase of rotational speed from 500 to 1000 RPM for the flow rates of 10 mLDCM/s and 3 mLacid/s. A two fold increase of the acid flow rate (from 3 to 6 mL/s) for a constant flow rate of DCM (10 mL/s) yields a lower kLLaLL value (0.058 1/s) at 1000 RPM. As mentioned before, higher throughput requires a higher rotational speed to obtain the same energy dissipation. An increase of the overall mass transfer rate coefficient for the flows of 10 mLDCM/s and 6 mLacid/s is not that significant (0.047 to 0.058 1/s) with the increase of the rotational speed from 100 to 1000 RPM. For the other two cases (7.5 and 10 mLDCM/s at 3 mLacid/s), the overall mass transfer rate coefficient increases exponentially.
	A similar trend has been reported for the gas-liquid mass transfer [7,9] and the boiling heat transfer in the rotor-stator spinning disc equipment [18]. The observed significant increase in both mass and heat transfer is dedicated to the increase in the transfer area above 500 RPM. At these rotational speeds the dissipated energy forms more small uniform bubbles and increases the gas (lighter phase) holdup (and decreases the heavy phase holdup), thus enhancing the overall mass transfer [7]. Similarly - in our case, smaller DCM droplets are probably formed and dispersed into the concentrated sulfuric acid, yielding a 10-fold increase in the kLLaLL value. De Beer et al. [18] found that the gas inlet pressure oscillates at low rotational speeds due to the low energy of dissipation resulting in large bubbles. Possibly, a similar mechanism as for gas-liquid flow forms large DCM droplets causing a low interfacial area and thus a low kLLaLL value below 500 RPM.
	Determining the mass transfer area is a difficult challenge in this three-stage non-transparent system so an approach from literature is applied. Kumar et al. summarize empirical correlations for the prediction of mass transfer coefficients, in order to obtain the design rules for liquid-liquid extractors [16]. The dispersed-phase mass transfer coefficient for a single stagnant drop can be calculated by the model of Gröber, deriving the Sherwood number for the droplet (Shd = kLLd/D) of 6.58 in case of long contact times and no resistance in the continuous phase [17]. Using this approximation, the average DCM droplet size is calculated (Figure 5.6) using the experimentally obtained kLLaLL values where aLL = 6ε/d (assuming spherical droplets). For a droplet diameter below 2 mm, which is the gap size between the rotor and the stator, the maximum kLL and aLL values of 2.8∙10-5 m3L/ m2i∙s and 2696 m2i/m3L are obtained, respectively. In the case of a calculated droplet diameter larger than 2 mm, the formed droplets are squeezed in the rotor-stator gap and are larger than those assumed by this correlation yielding an even smaller mass transfer area. 
	/
	Figure 5.6. Estimated diameter of the DCM droplets in the concentrated sulfuric acid. The markers represent the ratio of the DCM flow rate (mL/s) and the acid flow rate (mL/s). Droplets smaller than the gap distance yield higher kLLaLL values. Above 2 mm diameter droplets are squeezed between the rotor and the stator, increasing the area of a single non-spherical droplet and resulting in a smaller mass transfer area per volume, decreasing the kLLaLL value.
	However, the values reported here are around 340 times lower than those in the work of Visscher et al. (kLLaLLεLL of 5.3∙10-2 m3L/m3R∙s compared to 18 m3L/m3R∙s, both at 1000 RPM) [15]. The main difference is the experimental system – 98 % sulfuric acid has a 13 times larger kinematic viscosity compared to water, which is the continuous and heavier phase in case of Visscher et al. This leads to a 13 times lower Reynolds number (28∙103 compared to 370∙103 at 1000 RPM), which affects the hydrodynamics together with the larger gap spacing (2 mm in comparison to 1 mm in the case of Visscher et al.). Rotational speed of 100 RPM yields Rewater = 36∙103 (comparable to the value for the acid phase at 1000 RPM) and a kLLaLLεLL value of 0.17 m3L/m3R∙s for the n-heptane-water system, which is now only 3 times larger than the values reported in this chapter. While in this work the acid and DCM are co-fed at the top of the first stage meaning that the whole volume of the three stage spinning disc contactor is used for the kLLaLL calculation, Visscher et al. fed n-heptane into the continuous water phase through the narrow orifice (1.4 mm) on the stator below the disc affecting the droplet formation mechanism (and thus the droplet diameter) and decreasing the volume for the mass transfer coefficient determination. More importantly, the values reported by Visscher et al. reflect the external droplet mass transfer coefficient whereas this chapter reflects the internal droplet mass transfer coefficient. In Visscher et al. the mass transfer occurs from n-heptane drops in which benzoic acid is dimerized, meaning that its monomer concentration is continuously replenished by dimer dissociation and is therefore virtually constant. In that case, the measured overall mass transfer coefficient probably represents the water film mass transfer around the n-heptane droplets. On the other hand, DCM droplets have a definite amount of water that decreases during the extraction experiments. Due to the high hygroscopicity of 98 % sulfuric acid, the kLL values in this work represent the mass transfer in the DCM phase (equation 5.7). Supporting this hypothesis is the low value of the distribution coefficient between the two phases (4.54∙10-7 m3Acid/m3DCM) which is calculated with the value from Table 5.1, as shown in equation 5.8. 
	The holdup of the two liquid phases (DCM and 98 % sulfuric acid) is experimentally determined in the rotor-stator spinning disc contactor. An increase in both the DCM flow rate (decreasing the acid flow ratio) and total flow rate (at a constant flow ratio) increases the acid holdup in the contactor. An increased difference between flow rates would lead to a higher acid holdup.
	The liquid-liquid mass transfer rates presented as kLLaLL values are in the range from 0.003 1/s at 100 RPM to 0.074 1/s at 1000 RPM for the flow rates of 10 mLDCM/s and 3 mLacid/s. These values are six times higher compared to packed columns [5], two to three times higher than for rotating disc column [5] and two times higher than in settler-mixer equipment [6]. High mass transfer together with a small volume makes a rotor-stator spinning disc contactor an excellent alternative for mass transfer limited co-current liquid-liquid processes. An increase of the number of stages leads to a tunable residence time without influencing the mass transfer performance. Additionally, the centrifugal field can be used for separation of the two phases.
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	   Liquid-liquid extraction is an important industrial routine that can be used for the drying of liquids. A small amount of hygroscopic concentrated sulfuric acid efficiently dries dichloromethane (DCM) to low ppm water content in the centrifugal extractor. The centrifugal and shear force are independently adjusted by the co-rotating casing and impeller of the three-stage counter-current centrifugal extractor developed in our group. The complete phase separation is obtained for 1:1 and 1:2 (sulfuric acid:DCM) flow ratios at the DCM flow rate of 6 mL/s. Decreasing the acid flow rate narrows the complete phase separation zone. The acid holdup is in the range of 0.44-0.52 for the 1:2 flow ratio, and follows the trend of the acid pressure drop over the extractor. The obtained mass transfer coefficient is 0.068 s-1 for a 6 mL/s flow rate of DCM and 3 mL/s of the acid at the casing and impeller rotational speeds of 1400 and 1150 RPM, respectively. This value is higher compared to other centrifugal extractors, which increases the centrifugal force at the expense of the increased shear force. The multistage spinning disc extractor is a compact versatile unit with the option of extending residence time without influencing the mass transfer performance. 
	Water is often an impurity in organic compounds or solutions that can lead to undesirable side reactions. It is also often a reaction byproduct influencing the reaction equilibrium. Additionally, drying of organics prevents the formation of water azeotropes, facilitating the following purification steps such as distillation [1]. One of the options for drying liquids is liquid-liquid extraction with an appropriate solvent for water removal.
	Liquid-liquid extraction is an important, widely used industrial process [2]. Choosing the appropriate apparatus depends essentially on three parameters: physical properties (density, viscosity and surface tension), throughput and required number of separation stages [3]. A suitable solvent for liquid-liquid extraction drying has to be immiscible with the wet liquid while having a high affinity towards water [3]. From this perspective, the ideal candidate is concentrated sulfuric acid, with its negligible water vapor pressure and low price [4]. However, the extremely high sulfuric acid viscosity severely hinders the mass transfer. The size of multiphase extraction apparatus, such as packed beds [5], rotating disc columns [5] or mixer-settlers [6], is determined by the mass transfer rate. Larger equipment results in longer processing time and thus involves safety challenges. Centrifugal equipment with high mass transfer rates, such as the Podbielniak extractor [7], CINC extractor [8], and the Rousselet-Robatel extractor [9], are often used to reduce the equipment volume and the processing time. 
	The spinning disc technology already demonstrated high gas-liquid [10–13], liquid-solid mass transfer [14] and heat transfer coefficients up to 10 kW/m2K [15,16]. Based on spinning disc technology, a new counter-current multistage spinning disc extractor has been developed [17]. This equipment is tested for the n-heptane-water system, giving up to 70 contacting stages per meter for the extraction experiments with benzoic acid [8]. 
	In this chapter, we present data for the DCM system containing 98 % sulfuric acid, which is a real industrial drying case. Dichloromethane (methylene chloride; DCM) is the most widely used chlorinated solvent with the ability to dissolve many organic compounds. It has a low boiling temperature making it ideal for use with thermally sensitive compounds, such as pharmaceuticals [18]. For specialty pharmaceutical production, DCM should be exceedingly pure and have a low water content. Industrially produced DCM however contains water as an impurity and thus needs to be dried [18]. The density difference of the DCM–concentrated sulfuric acid system is sufficient to separate the phases after mixing (see Table 5.1, Chapter 5) [2]. The effect of flow rates, flow ratio, and rotational speed on the phase separation and volume fraction is investigated in this chapter. In addition, the extraction of water from the DCM phase into the concentrated sulfuric acid phase is determined, from which the overall liquid-liquid mass transfer coefficient in the multistage spinning disc extractor is calculated. 
	A single contacting stage consisting of an impeller (light grey) enclosed by a casing (dark grey), both made of stainless steel. Six vanes (2 mm height) connected the top disc (146 mm diameter) and the bottom disc (170 mm diameter) of the impeller, as shown in Figure 6.1. Three impellers were installed on a single shaft, making three contacting stages with the co-rotating cylindrical casing (180 mm inner diameter) [8]. Two weirs shaped as concentric rings were mounted on the casing to direct the flows. The inner diameter of the concentric rings was 30 mm at the inlet side (weir 2, Figure 6.1) and 25 mm at the outlet side of the lighter phase (weir 1, Figure 6.1) at every stage. The distance between the weirs and the impeller and the casing was 1 mm. This yielded a contacting stage volume of 102 mL. A more detailed extractor design is described in  [17,19]. 
	Light liquid (yellow) entered through the shaft close to the rotation axis and was pumped by the Vanes of the impeller against the centrifugal force (Figure 6.1). Heavy liquid entered on the opposite side of the extractor close to the rim of the casing, went around the weir 1 (see Figure 6.1) and was in counter-current contact with the dispersed lighter liquid. The difference between the rotational speeds of the impeller and the casing determined the shear force acting on the liquids, affecting the dispersion of the light phase into the heavy one. The rotational speed of the casing governed the centrifugal force that defined the separation of the two phases. Both rotational speeds determined the pressures acting on both liquids, defining the interphase levels in the extractor and thus the volume fraction of the liquids (interphase levels 1 and 2, Figure 6.1). This meant that complete phase separation at both outlets could be achieved for certain combinations of the impeller/casing rotational speeds. 
	/
	Figure 6.1. Schematic representation of the single stage extractor design, including the top view of the impeller. The impeller Vanes disperse the light liquid (yellow) into the heavy phase (blue).
	The three-stage spinning disc unit used for the counter-current liquid-liquid extraction is depicted in Figure 6.2, as a part of the experimental setup. The impeller and the casing were driven up to 1500 RPM by two SEW Eurodrive motors (CFM71M) via the separate belt pulleys. DCM (VWR, The Netherlands) was fed into the spinning disc extractor through the light phase inlet (Figure 6.2). For the mass transfer measurements DCM was saturated with demineralized water (Veolia Water Elga Purelab S7, 0.1 μS∙cm-1). 98 % sulfuric acid (Merck) was introduced counter-currently to DCM, through the heavy phase inlet on the opposite side of the extractor. Two Coriflows (Bronkhorst M55) controlled the liquid flow rates through the pumps (magnetically coupled gear pump, Gather) up to a maximum of 60 mL/s and 30 mL/s for the DCM and acid phase, respectively. The acid flow rate was 3 and 6 mL/s with a DCM flow rate of 6 mL/s.
	Figure 6.2. Schematic representation of the three stage spinning disc extractor experimental setup. The black line represents DCM tubing, while the grey line depicts concentrated sulfuric. Flow rates of DCM and the acid phases were regulated by the controllers FC1 and FC2, respectively. Temperatures and pressures were monitored at the inlet and the outlet of both phases via TI1-TI4 and PI1-PI4 sensors. DCM water content was measured at the inlet and outlet of the extractor by Karl-Fischer titration of collected samples. FC – mass flow controller; PI – pressure indicator; TI – temperature indicator.
	The setup was started up by pumping DCM by both pumps. The motors were gradually accelerated up to 1400 RPM for the casing and 1000 RPM for the impeller. Thereafter, the acid was introduced to the extractor through the acid lines at a given flow rate. Temperature (Metatemp Pt100) and gauge pressure sensors (Huba control type 520) were installed at the inlet and outlet of the extractor, together with sampling ports for subsequent water analysis in the Karl-Fischer titration apparatus (Metrohm Applikon Coulometer KFT 899). Both outlets were recirculated back to the glass graduated feed cylinder (2 L volume). The operating conditions (acid flow rate, rotational speeds of the impeller and the casing) influenced the volume fraction of sulfuric acid in the extractor. The steady state sulfuric acid volume fraction in the extractor was determined by measuring the interphase level in a graduated cylinder, when both outlets were pure and pressures at all inlets and outlets constant. The volume of the acid filled lines (tubing) that were previously filled with DCM (570 mL) was subtracted from the measured volume. The sulfuric acid volume fraction is then the net volume divided by the total extractor volume. For the mass transfer measurements, three 2 mL DCM samples were taken to measure water concentrations at the inlet and outlet of the extractor. The overall mass transfer rate kLLaLLεDCM was calculated by assuming three CSTRs in series model for each phase, and assuming quasi steady state conditions (Figure 6.3). 
	/
	Figure 6.3. Schematic representation of the model. A single stage was described as one CSTR per phase. DCM and 98 % sulfuric acid were flowing counter-currently. kLLaLL was used as a fitting parameter.
	The water concentration in DCM was calculated based on the following mass balances per stage:
	The mass balances for the water in the acid phase were:
	CAcid is the water concentration in the bulk acid expressed in DCM units, and cDCM is the water concentration in the bulk DCM expressed in acid units. 
	These water concentrations were calculated using the water fugacity expression in the DCM and the acid:
	xDCM was determined from the water concentration in the DCM phase, giving the water vapor pressure (pAcid) and thus the acid concentration. Alternatively, the acid concentration gives the corresponding water vapor pressure in the acid from which the DCM water content follows. The water vapor pressure in sulfuric acid of different concentrations was taken from literature [4].
	Even if the complete DCM water content is transferred (Table 5.1, Chapter 5), the sulfuric acid dilution would have been less than 0.5 %, so the water concentration effectively does not change in the acid phase. This simplifies the model into three CSTRs in series for only the DCM phase, where Ceq was assumed constant and was 0.0158 ppm. The measured inlet and outlet water concentrations in DCM were further used to estimate the kLLaLL value. 
	Figure 6.4 depicts the location of > 99.9 % physical separation efficiency at different rotational speeds. The physical separation efficiency is defined as the purity of the light outlet multiplied by the purity of the heavy outlet, and can be between 0 and 100 %. A zone when both the DCM and the acid phase outlets are pure is formed for the rotational speeds of the casing in the range of 1300-1500 RPM and the impeller 900-1100 RPM. The difference between the rotational speeds of the casing and the impeller governs the shear force acting on the liquids, dispersing the DCM into the heavier acid at the rim of the impeller. The larger difference in rotational speeds results in smaller DCM droplets that are easily entrapped in the viscous sulfuric acid resulting in an emulsion. The emulsion of DCM in the acid is observed at the DCM outlet for the impeller rotational speeds lower than 900 RPM (rotational speed difference of minimum 500 RPM). Besides governing the droplet size, the rotational speed determines the interface level in the extractor and thus the liquid holdups. Experiments of Visscher et al. in the same extractor show that at larger impeller rotational speeds, the pumping action becomes larger than the light phase flow rate, affecting the phase distribution and light phase outlet purity. On the other hand, when the casing is rotating much faster than the impeller, the centrifugal force entraps the dispersed phase and pulls both liquids towards the heavy outlet [8]. When the difference of the rotational speeds of the impeller and the casing is less than 400 RPM, the DCM volume fraction in the extractor increases (the acid volume fraction decreases from 0.61 to 0.21, Figure 6.5) causing the DCM to partially short-circuit through the acid outlet after this point (see Figure 6.1 – weir 2). Consequently, the flow rate at the DCM outlet decreases. The same is reported in the work of Visscher et al. using n-heptane as a lighter phase with water [8]. Increasing the rotational speeds generates a larger centrifugal field acting on the continuous acid phase and dispersed DCM droplets facilitating in phase separation. Increasing the casing rotational speed from 1300 to 1400 RPM widens the zone where complete phase separation occurs – from the single measured point of the 900 RPM to the 900-1100 RPM range of the impeller rotational speed, respectively. 
	The rotational speeds define the centrifugal and shear force in the extractor, and thus the pressures acting on both liquids. The pressures further influence the interface level and the holdup of the phases. Figures 6.5 and 6.6 show the influence of the outlet pressures on the volume fraction (liquid levels) in the extractor and thus the outlet purity. An increase of the casing rotational speed from 1400 to 1500 RPM increases the centrifugal force in the system causing a larger pressure drop of the both phases of 150 mbar. An increase of the impeller rotational speed from 1000 to 1100 RPM decreases the DCM pressure drop between its inlet and outlet. However, the pressure drop of the acid phase has the same trend as the change of the acid volume. Presumably, increasing the impeller speed from 900 to 1000 RPM creates less emulsion due to a lower shear, resulting in an increased pressure drop caused by the drag of the formed droplets. A further increase to 1100 RPM decreases the shear force even further making larger DCM droplets that express lower drag on the acid phase causing the lower pressure drop. 
	For the experimental conditions of 1300 RPM casing speed and 1100 RPM impeller speed, the DCM outflow is pure while the acid phase outflow is not. The pressure is increased at the DCM outlet by a needle valve which shifts the liquid levels and results in a complete purity of the acid outlet. This gives an opportunity for extending the operating range of this apparatus. 
	/
	Figure 6.4. The phase separation results for the flow rates of 6 mL/s of DCM and 6 mL/s of the acid. A complete phase separation creates a zone consisting of black square markers at different combinations of the casing and the impeller rotational speeds.
	/
	Figure 6.5. The change of the acid volume fraction in the extractor at different operating conditions. The most significant change is noticed in case of the 6 mL/s acid flow rate – with decreasing the impeller speed from 1100 to 1000 RPM, the volume fraction of the acid increases by 0.4. The change of the acid volume fraction follows the trend of the acid pressure drop over the extractor (Figure 6.6).
	/
	Figure 6.6. The pressure drop per phase over the extractor. Increase of the casing and decrease of the impeller rotation speed, both increase the DCM phase pressure drop (measured by PI1 and PI3 in Figure 6.2). The pressure drop over the acid phase (PI2 and PI4 in Figure 6.2) determines the interface levels, influencing the separation efficiency. 
	A twofold decrease of the acid flow rate shifts the zone of the complete phase separation towards higher impeller rotational speeds (maximum 300 RPM difference in rotational speeds), as shown in Figure 6.7. The zone is also narrower at a 1400 RPM casing speed, resulting in complete phase separation for an impeller speed in the range from 1050 to 1150 RPM. In this case the acid volume fraction increases for 20-25 mL with the increase in the difference of the rotational speeds from 250 to 300 RPM (Figure 6.5). A similar trend is followed by the acid pressure drop (Figure 6.6). However, the small change in the acid volume fraction influences the outlet purity. Less shear force is needed to form the smaller DCM droplets due to a difference in flow rates between the phases. The difference of rotational speeds larger than 300 RPM results in an emulsion exiting the DCM outlet. For differences in rotational speeds which are smaller than 250 RPM, DCM leaves through the acid outlet. There are probably three zones present in the extractor: a pure acid close to the rim of each stage, pure DCM close to the axis of rotation, and an emulsion between the two phases (Figure 6.8). For this flow ratio, the emulsion zone is probably larger due to the asymmetric flow rate, making the complete phase separation zone narrow. Another explanation can be the asymmetric distribution of the phases between the stages of the extractor, meaning that the volume fraction of the phases is the largest at their inlet stage, gradually decreasing along the extractor (Figure 6.9). The actual case is presumably the combination of the two, involving both the asymmetric phase distribution along the unit and the large emulsion zone. 
	/
	Figure 6.7. The phase separation results for the flow rates of 6 mL/s of DCM and 3 mL/s of the acid. The complete separation zone (consisting of black square markers) is shifted towards higher impeller rotational speeds, compared to the results for 6 mL/s flow rate of both phases (depicted as a grey area). The mass transfer performance is evaluated at 1400 RPM of the casing and 1050 RPM of the impeller (marked with the white dot). 
	/
	Figure 6.8. A schematic representation of the phases present in the extractor. Besides the 98 % sulfuric acid and DCM, there is an emulsion of DCM in the acid between these two pure phases. This emulsion is formed due to the shear force acting on the DCM forming small droplets while the high viscosity of the acid hinders the droplets coalescence. The operating conditions effect the amount of emulsion formed, limiting the separation efficiency. 
	/
	Figure 6.9. A schematic representation of the phase distribution per stage of the extractor. A small change in the impeller rotational speed causes the incomplete phase separation at the outlets (Figure 6.6). This means that the volume fraction of the phases is not equally distributed in all the stages. Both the DCM and the acid occupy mostly the stage of the inlet, gradually decreasing in volume fraction along the extractor. 
	The mass transfer experiments are performed with the DCM saturated with water at a 6 mL/s flow rate and 3 mL/s 98 % sulfuric acid. As mentioned previously, the complete phase separation is achieved at rotational speeds of the casing and impeller of 1400 and 1050 RPM, respectively (marked as a white dot in a black square marker in Figure 6.7). The steady state water concentration in the DCM phase is 1642 ppm at the inlet and 997 ppm at the outlet of the three stage extractor. Using these values as an input to the model (equations 6.1-6.3), together with the assumption that 98 % sulfuric acid dilutes to 97.5 % (thus CAcid = 0.0158 ppm, see Table 5.1, Chapter 5), gives a kLLaLL value of 0.067 s-1 (εDCM = 0.48). Due to high hygroscopicity of the acid, the value of the overall mass transfer coefficient thus mainly reflects the resistance in the DCM phase. The viscosity of the acid affects the surface area. Nine contacting stages make one ideal contacting stage. Since the length of a single stage is 14 mm, this gives a height of a transfer unit of 0.126 m, resulting in 7.9 ideal stages per meter of the extractor.
	Due to difficulties in determining the particle size in the non-transparent system, an empirical correlation for the prediction of mass transfer coefficients from the work of Kumar et al. are used to estimate the mass transfer area [20]. For the dispersed-phase mass transfer coefficient for a single stagnant drop, the Sherwood number (Shd = kLLd/D) equals 6.54 for long contact times and assuming no resistance in the continuous phase (the same approach as used in Chapter 5) [21]. Using this approximation, the DCM droplet diameter is 0.8∙10-3 m, which is slightly lower than the gap size in the extractor (1 mm). This gives an aLL value of 3700 m2i/m3L, meaning that the kLL is larger than 1.8∙10-5 m3L/ m2i∙s. Although conditions in the extractor are turbulent, this calculation gives an indication of the interfacial area and the mass transfer coefficient of this unit. 
	By tuning the rotational speeds of the impeller and the casing, complete phase separation is achieved at both the DCM and 98 % sulfuric acid outlets. Rotation of the casing governs the centrifugal force facilitating in phase separation, while the difference in the rotational speeds of the casing and the impeller determines the shear force responsible for dispersing DCM into the acid. These two parameters also influence the interphase levels in the extractor leading to the pure phases at their outlets, even at the halved acid flow rate. Going to higher rotational speeds widens the complete phase separation zone.
	The value of 0.067 m3L/m3R∙s for kLLaLL is obtained for 6 mL/s flow rate of DCM and 3 mL/s of the acid at the casing and impeller rotational speeds of 1400 and 1150 RPM, respectively. This value is more than 6 times higher compared to packed columns [5], more than 2.4 times higher than for rotating disc column [5] and 1.8 times higher than settler-mixer equipment [6]. The height of a transfer unit (HTU) is 0.126 m giving 7.9 stages per meter. In this perspective, the three stage spinning disc extractor performs better than other centrifugal extractors, i.e. CINC and Rousselet-Robatel that have 1.9 and 6.4 stages per meter, respectively [8,9]. Mixing and separation are adjusted independently of each other, demonstrating the versatility of the spinning disc extractor compared to the previously mentioned centrifugal extractors that increase both the centrifugal and shear force. In addition, a high mass transfer together with a small volume (104 mL per stage), makes a rotor-stator spinning disc extractor an excellent alternative for mass transfer limited counter-current liquid-liquid processes. Increase of the number of stages leads to a tunable residence time without influencing the mass transfer performance. Additionally, regulating the back pressures leads to an additional degree of freedom in operation, giving the possibility to tune the separation efficiency.
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	aLS interfacial surface area, m2/m3
	C water concentration in DCM, ppm
	Ceq equilibrium water concentration in DCM, kmol/m3  
	Cin inlet water concentration in DCM, kmol/m3 
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	f water fugacity in different phases, Pa 
	kAcid acid liquid-liquid mass transfer coefficient, s-1 
	kDCM DCM phase mass transfer coefficient, s-1
	kLL overall liquid-liquid mass transfer coefficient, s-1
	kLLaLL mass transfer rate, m/s
	m particion coefficient, m3/ m3
	p water partial pressure, Pa
	Vstage volume of the single stage, mL
	x water mole fraction, -
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	γ water activity coefficient, -
	ΦAcid concentrated sulfuric acid volume flow rate, m3/s
	ΦDCM DCM volume flow rate, m3/s
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	This chapter presents the design and energy demand of different chlorine drying alternatives. The processes are based on the experimental and modeling results presented in the thesis, covering adsorption, crystallization, co-current and counter-current liquid-liquid extraction. All alternatives are based on the high pressure chlorine production (above 8.4 bar), which provides significant benefits in the view of lower volumetric flow (and thus longer residence time or smaller equipment). Compared to the conventional chlorine gas drying, the energy demand is three times less. Additionally, pressurized chlorine gas is easily liquefied at ambient temperature, leading to even lower water content due to its low solubility in the liquid chlorine. A multistage spinning disc extraction decreases the sulfuric acid consumption needed for liquid chlorine drying, offering the possibility of an acid regeneration on a chlorine production site instead of storage and shipping. The proposed packed bed adsorption process gives an opportunity for chlorine purification besides drying in a sustainable manner. Due to heat integration in the intensified spinning disc apparatus, the crystallization in a spinning disc apparatus yields the smallest process size, together with the lowest energy consumption. Additional optimization of these alternatives would lead to even smaller and more efficient chlorine processing.
	In this chapter the results from previous chapters are conveyed into conceptual process designs. The main conclusions from experiments with DCM are used to calculate the energy demand and the size of the equipment for different chlorine drying alternatives. The basis for all alternatives is chlorine production of 1 kg/s at a pressure higher than 8.44 atm. At this pressure, chlorine is simply liquefied by cooling. The liquefaction efficiency depends on the total operating pressure and the content of incondensable gases, as shown in Chapter 2. The amount of water in saturated liquid chlorine is about 300 ppm, according to the predicted water solubility. This value is 70 times lower than in the current gas phase atmospheric pressure industrial process (about 2 %), thus decreasing the loading on the drying process. Construction materials play a key role as well. Smaller equipment can be made out of more chemically resistant materials, keeping the capital expenditure low.
	The following section of this chapter shows the design of the current industrial chlorine production process. All high pressure alternatives (adsorption, crystallization and liquid-liquid extraction drying) are compared afterwards with the current process which is downscaled to 1 kg/s of chlorine, operated at atmospheric pressure (all percentages are per weight).
	The current state-of-the-art chlorine production process is schematically depicted in Figure 7.1. The electrochemically produced chlorine gas above 85 °C leaves the electrochemical cell at a pressure slightly above 1 atm. It is saturated with water vapor, which makes 25 % of the 1.33 kg/s gas flow rate. Water is condensed above 13 °C in a titanium heat exchanger. Below 13 °C the water content in the vapor is too low to create a passive titanium-oxide layer, which is the prime reason for titanium’s resistance to wet chlorine [1,2]. Without the protective layer, titanium reacts exothermally with chlorine [3]. The heat released evaporates the formed titanium-chloride revealing fresh titanium layers for corrosion. Eventually this can lead to a chlorine fire. For this reason, the water vapor pressure cannot decrease below 15 mbar when using titanium.
	The plate heat exchanger condenses the water vapor from the chlorine gas with chilled water at 18-20 °C. Based on the conservative heat transfer coefficient value of 500 W/m2∙K [4], the area needed for heat exchange is 55 m2. The main part of the 650 kW total duty is water condensation (99.6 %). The plate width of 0.35 m and length of 0.75 m leads to 230 plates being required. This gives the size of the titanium heat exchanger of 0.36 m3. 
	The condensed water is then de-chlorinated and discharged rather than re-used in the brine circuit since even the smallest contaminations pollute the membrane [5]. The chlorine released from the water is neutralized with caustic soda to produce bleach.
	The chlorine gas now contains about 2 % of water vapor, so stainless steel is still not a suitable material. Water needs to be removed to below 10 ppm in the chlorine gas by highly hygroscopic concentrated sulfuric acid (96-98 %). This is done in a reinforced PVC column with a glass wall which is packed with 25 mm PVC Rachig rings for counter-current gas-liquid contact. Following the criteria from literature [6], process parameters give an absorption column diameter of 0.6 m. Based on the mass transfer correlations [7], the number and height of transfer units are calculated, resulting in a 1.45 m column height and thus 0.3 m3 volume. The choice of packing with the packing height yields 0.18 bar pressure drop. The pressure drop is governed by the gas phase through flow rate while the mass transfer is limited by the viscous liquid phase. The sulfuric acid is diluted from 98 % (0.13 kg/s) to 85 % in this calculation. However, the acid is diluted to 75 % in the industrial process because of the lower acid flow rate. To obtain proper wetting of the packing in this case, the acid from the bottom of the column is recirculated back to the top where it is cooled to remove the heat of dilution, and is mixed with fresh acid. Some columns consist of trays on top of a packed part where 98 % acid removes the traces of water from the gas before being mixed with the cooled recirculated 75 % acid at the packed bed, decreasing the acid consumption. In other cases, several columns in series with different acid concentration are used. The acid is not diluted below 75 % because of increased corrosion rates at lower concentrations and due to the price of the acid, as the depleted acid is sold again [5]. The downscaled process then has to have fresh and depleted storage tanks, increasing the size for additional 3.25 m3 and 4.75 m3 per day of storage, respectively. 
	After the concentrated sulfuric acid drying step, the chlorine gas finally contains less than 10 ppm of water. At this water content, stainless steel can be used as a material for equipment construction, decreasing the costs compared to titanium and plastic composite equipment. The chlorine gas is consecutively compressed in two stage compressor with intermediate cooling. Liquid ring stainless steel compressors are used, which are already expensive even without noble metal body. Concentrated sulfuric acid is the liquid sealing medium in the compressor. For the gaseous chlorine flow rate of 0.33 m3/s and the compression ratio needed (from 1 atm to above 8.44 atm), the size of a two stage compressor is 0.8 m3 [8]. The compressed gas is liquefied in a stainless steel plate heat exchanger. Calculated in the same manner as for the water condensation, the chlorine condenser size is 0.14 m3. The energy needed for compression and liquefaction is 105 kW and 275 kW, respectively. Due to the presence of incondensable gases produced in the electrochemical cell, uncondensed chlorine (less than 1 %) is neutralized in the vented gas exiting the liquefaction step. 1 kg/s of liquid chlorine containing less than 10 ppm of water can now be safely transported in the stainless steel tubing to the consumer as long as the velocity is lower than 2 m/s [3]. 
	Summing up all the sizes yields a total of 1.6 m3 for the equipment and 7 m3 for the acid storage per day. The acid storage depends on the shipments (on a daily, weekly or monthly basis) and consumes proportionally more space. The calculated energy consumption is 1 MW per kilogram of dry chlorine, which agrees with literature [5]. The materials are the same as in the current industrial process. Wet chlorine gas is transported in reinforced plastic tubing, while dry chlorine gas and liquid is transported in stainless steel piping.
	The current electrochemical cells operate at near atmospheric pressure mainly due to safety reasons, so a compact high pressure cell was developed within the other part of the SPINCHAL project [9].  An increase in the electrochemical cell operating pressure results in a lower water content in the produced chlorine gas, thus decreasing the duty and size of the water condenser. A lower volumetric flow rate further decreases the size of the absorber. Furthermore, a higher production pressure decreases the compression ratio needed and thus the compressor energy and size. It also allows for new opportunities for chlorine processing, which are compared to the downscaled current industrial process in the following paragraphs.
	The chlorine drying process starts with the gas produced in the high pressure electrochemical cell (Figure 7.2). An arbitrarily 9 bar operating pressure is chosen, while the cell temperature is assumed to be the same as for the current industrial process (85 °C). The water content in the gas is 1 %, which is 25 times lower compared to the normal process. Since the operating pressure is above the quadruple point, cooling the gas below 33 °C condenses both the water and chlorine. The chlorine liquefaction efficiency is a function of the operating pressure and content of the incondensable gases – which are both dependent on the performance of the electrochemical cell. A lower water content decreases the duty to 375 kW and thus the size of the plate heat exchanger to 0.17 m3. The outlet temperature is above 28.3 °C to avoid hydrate formation. Separation of the liquids and gas follows. The use of the newly developed spinning disc heat exchanger could integrate condensation and separation in the centrifugal field, leading to an even smaller size of the apparatus [10]. The construction material is tantalum, resistant to wet chlorine [1,2]. The condensed water is re-saturated with the salt and reused as brine feed while the uncondensed vapor is treated before venting. 
	Liquid chlorine saturated with water (300 ppm) enters the adsorption packed bed column. The first step in the adsorptive drying of chlorine is the choice of a suitable adsorbent. The adsorbent selection criteria are: the capacity, selectivity, regeneration, kinetics, durability and cost [11]. Cheaper adsorbents (i.e. silica gel and activated carbon) have a large water capacity but only at higher water partial pressures. A low water content in chlorine could thus not be achieved with these adsorbents [12]. In addition, chlorine competes for adsorption on activated carbon due to its large pores [13]. Although more expensive, molecular sieves are characterized as desiccants of choice due to their tunable properties [14]. Their water capacity at lower water partial pressure is large enough so that less than 10 ppm of water in chlorine can be reached. Furthermore, due to size exclusion, chlorine does not penetrate the micropores and cannot compete for adsorption. This size-sieving characteristic is important if other impurities from the chlorine stream are to be adsorbed [15]. 
	For simplicity reasons, the same molecular sieves of 3 Å are chosen for the adsorption process design as described in the Chapter 3. The molecular size of DCM is governed by the two bulky chlorine molecules. Since DCM did not influence the water adsorption equilibrium on the 3A molecular sieves, the pure water vapor isotherms are used for the description of the adsorptive chlorine drying. A NRTL model with parameters from the Chapter 2 is used in the calculations. The macropore and surface diffusion of 2 mm particles define the packed bed performance, using the developed packed bed model with chlorine properties. Since heat transfer limits desorption an external bed heating is assumed. 115 kg of molecular sieves results in an 8.2 h adsorption cycle time. The diameter of the packed bed is 0.23 m giving a higher superficial velocity than in the experiments which is accounted for in the mass and heat transfer correlations. Smaller adsorbent particles would decrease the diffusion resistance and improve the process. However, the upward liquid chlorine velocity (0.018 m/s) is close to the particle minimum fluidization velocity (0.021 m/s). In that case, the diameter of the bed should be increased to decrease the chlorine velocity, which would further increase the height of the bed according to the design criteria (equations 3.38-3.39, Chapter 3). A column height of 4.6 m agrees with the design rules resulting in the same residence time as for the experimental setup. The total volume is 0.38 m3 for the two alternating beds (0.19 m3 per 115 kg bed). These beds are made out of material resistant to both wet and dry liquid and gaseous chlorine at high temperatures. Potential temperature shocks when switching from the adsorption to desorption cycle, and vice versa, eliminate glass and ceramic materials which are susceptible to cracking. The chemical resistance and material properties of plastics also deteriorates under a chlorine atmosphere at elevated temperatures. The only metal resistant under these conditions is tantalum (up to 150 °C) which limits the desorption temperature [2]. Since tantalum is an extremely expensive material (420 times more than stainless steel, and 15 times more than titanium), other alternative could be a thin coated layer of tantalum on the substrate surface [16]. 
	However, a bed diameter which is larger than the experimental one will result in a radial bed temperature profile during desorption with external heating. The temperature of the bed will be higher at the wall than in the center, affecting the desorption efficiency. A multi-tube packed bed provides improved heat transfer performance. This comes at a cost – manufacturing is more complex demanding more body material and a pressure drop should be equal over all tubes to obtain a proper fluid distribution. Using 275 tubes of 0.035 m diameter to facilitate 105 kg of molecular sieves gives a volume of 0.3 m3 for 0.7 m height (total of 0.6 m3 for two alternating beds). This gives an area of 21 m2 for heat transfer which needs to be chemically resistant. Keeping the material limitations in mind, a simpler packed bed (chemically resistant internal area of 0.5 m2) is more acceptable solution for the industrial application, adjusting for the bed radial temperature gradient.
	The Ergun equation gives 0.23 bar pressure drop for the liquid phase (adsorption) and a maximum of 0.59 bar for the vapor phase (desorption). The assumed desorption gas temperature is 100 °C while the actual temperature is lower due to the energy supplied for desorption. Also, the consumption of the chlorine vapor for regeneration can be optimized using the external bed heating. A lower desorption vapor consumption decreases the gas velocity and thus the pressure drop. A larger bed diameter would have the same effect. The stainless steel pump for dry chlorine exiting the adsorption bed delivers the energy to subsequently evaporate chlorine to overcome the pressure drop during desorption. The stainless steel plate heat exchanger of 0.07 m3 evaporates dry chlorine for desorption, which exits the bed saturated with water vapor. This stream is combined with wet gaseous chlorine from the electrochemical cell which is then recondensed again, closing both the water and chlorine loop.
	Liquid chlorine exits the adsorber containing less than 10 ppm of water. Part of the stream (30 %) is used for desorption while the rest is transported in a cast steel piping to the consumer or storage. 
	The total volume of the equipment is 0.62 m3 with an energy demand of 330 kW per kilogram of dry chlorine. This is at least 2.6 times lower in size and 2.9 times lower in energy compared to the current industrial process, not including the acid storage. The main energy savings are due to a lower water content in the produced gas and a low water solubility in the liquid chlorine. Also, a lower volumetric flow rate of liquid chlorine leads to smaller equipment requirements compared to the gas phase. The benefit is also a lack of the sulfuric acid storage. However, frequent cycle switching influences the attrition of the adsorbent and decreases its capacity over time. The cycle time and the size of the packed bed therefore need to be optimized. Since packed beds are the most expensive part, primarily due to the material choice, more material research under these conditions is required. 
	As in the Chapter 3, the drying process with the hydrate crystallization produces chlorine gas at a pressure of 9 bar (Figure 7.3). Similarly, the wet gas with the same composition is condensed in a titanium plate heat exchanger. However, its size is slightly smaller (0.15 m3) than in the previously described adsorption alternative, due to a smaller mass of hydrates which are recirculated after the crystallization. These factors explained in the following paragraphs. 
	The rest of the process following the chlorine condensation is thoroughly explained in Chapter 2. The only difference is the temperature needed to obtain 10 ppm of water (-33 °C) instead of 40 ppm, which is calculated to the hydrate solubility in liquid chlorine. The most important feature of this process is the heat integration and the chlorine hydrate formation at low temperatures without the adherence to the heat exchange surface. The experimental results of Chapter 2 show that supercooling plays a dominant role in the hydrate formation process. Thus the temperature difference of 61.3 °C (from 28.3 °C to -33 °C) provides a sufficient driving force for the hydrate formation. The rotational speed governs the heat transfer and the crystal size. Under optimal conditions, 55 RSSD crystallizer stages remove 300 mg/s of water from liquid chlorine in the form of hydrates. Dividing the stream into each stage gives a residence time of 6.5 s for the total size of 0.03 m3. The formed hydrates are separated from dry chlorine at the outlet of the RSSD crystallizer and combined with the wet chlorine gas from the electrochemical cell. Before storage or consumption, due to its low temperature, dry liquid chlorine is reused for the heat integration in the cooling channels of the RSSD crystallizer. An external cooling unit supplies the energy for the hydrate crystallization and a heat loss at -33 °C. The low temperature results in a large cooling unit – 0.32 m3 in case of Lauda SUK 150 W/L(Ex) [17]. However, the benefit of the low temperature is the possibility of using Hastelloy C as a body material, due to a low corrosion rate [1]. This decreases the price 150 times compared to tantalum.
	The size of the hydrate drying process is 0.7 m3 with the energy consumption of 310 kW per kilogram of dry chlorine. This is 2.3 times smaller than the current industrial process and 3.2 times less energy demanding (per kilogram of dry chlorine), without the acid storage. The use of the newly developed rotor-stator spinning disc heat exchanger decreases the size even further due to a higher heat transfer coefficient being obtained. Also, since the heat transfer surface rotates, adherence of the hydrate is minimized. Using this heat exchanger instead of the plate heat exchanger for condensation reduces the size even further. The condensing unit and the crystallizer 
	are mounted on the same shaft and exploit the centrifugal force for liquid chlorine-water and liquid chlorine-hydrate separation (Figure 7.4). However, the main space consuming part remains the cooling unit. 
	 /
	Figure 7.4. Process intensification and integration using spinning disc heat exchanger with the rotating heat exchange surface (dark grey) Both chlorine and water condensation and chlorine hydrate formation are performed on a single shaft, with a phase separation using centrifugal force. Due to the efficient heat transfer and use of chlorine low temperature, only energy hydrate formation needs to be supplied, together with the energy of condensation.  
	Similar to other high pressure alternatives, liquid chlorine exits the plate heat exchanger – condenser (Figure 7.5). Liquid chlorine can be dried using concentrated sulfuric acid, as in the current industrial process which is in a gas phase. Low solubility of water in liquid chlorine of only 300 ppm decreases the amount of concentrated sulfuric acid needed for drying 70 times compared to the gas phase drying, enabling the acid regeneration to be carried out at the production site. Due to a high hygroscopicity of the concentrated sulfuric acid, co-current drying in the spinning disc equipment is a possibility. 
	Chapter 5 investigates the drying of DCM with 98 % sulfuric acid. The co-current contact in the SDR unit yields the overall liquid-liquid mass transfer coefficient of 0.074 s-1. 8 stages are needed for a 7.5 mL/s flow rate, assuming the same mass transfer performance with the lower acid flow rate of 1.2 g/s. Thus, the model calculates that 800 stages are required to dry 1 kg/s of liquid chlorine (752 mL/s divided over 100 units of 8 SDR stages) below 10 ppm of water. The total size of the unit is 1.42 m3. However, this value is based on the experimental results and can still be optimized. The asymmetric flow ratio results in a higher acid holdup however higher rotational speeds are needed to obtain a higher overall mass transfer. This leads to an emulsion of DCM in sulfuric acid hindering the following separation step. Also, the acid dilution generates about 400 W of heat in the first few stages. The temperature of the acid rises and heats up the liquid chlorine for 0.5 °C, and locally probably more. An increase in fluid temperature makes the material choice even more challenging. 
	A counter-current contact is usually preferred since it results in an equal driving force along an apparatus and thus fewer stages. In chapter 6 DCM is dried with 98 % sulfuric acid in the counter-current MSDE unit. Assuming the same performance in case of liquid chlorine drying with sulfuric acid as for DCM, the modeled number of stages is a 1250 for 1 kg/s flow rate. This gives an extractor volume of 1.25 m3. By tuning the rotational speeds of the MSDE unit and phase outlet pressures, complete phase separation is achieved at this asymmetric flow rate, as explained in Chapter 6. Company FlowID is putting an effort to improve the design and to scale-up the size of the MSDE stage [18]. Together with the optimization of the MSDE unit in regard to a maximum throughput, this leads to a decrease in the size of the future apparatus to below 1.25 m3. Due to counter-current contact, the heat of the acid dilution is evenly spread throughout the stages. The material of choice for contact with dry and wet liquid chlorine and sulfuric acid (75-98 %) is tantalum [1,2], or tantaline coating of the internals [16]. 
	Dry chlorine is ready for use. However the acid flow rate is only 1 g/s, which is 130 times smaller than for the current state-of-the-art process. The low flow rate enables the depleted acid (75 %) regeneration to be carried out on the chlorine production site. Spent acid is depressurized to 1 bar and preheated (with the regenerated acid) before entering the distillation column at the second tray in Pauling-Plinke process [19]. Rising vapors strip water and chlorine from descending sulfuric acid. 75 % sulfuric acid has the lowest solubility of chlorine – being 1.5 g/dm3 [5]. The reboiler temperature is above 330 °C in order to reach the azeotrope acid concentration of 98.3 % [19]. After the reboiler, the concentrated acid at 9 bars and preheats the diluted acid, before being in contact with liquid chlorine. On the top of the column, the water vapor is condensed after which the pretreatment follows due to dissolved sulfuric acid and chlorine. The column body material for concentrated acid contact at this temperature is silicon iron, with the corrosion rate of 8-10 mm per year [19]. The calculated number of stages is 7, with the column diameter of 0.1 m and height of 0.75 m. Thus the distillation column occupies 0.01 m3 of space and consumes 2 kW of energy, eliminating the need for the acid storage (which is 0.12 m3 per day for this flow rate). 
	Based on the counter-current extraction, due to its benefits, the size of this process is 1.4 m3 with the total energy consumption of 315 kW per kilogram of dry chlorine. The size reduction is only 10 % in comparison to the current industrial process. This does not include the acid storage of 7 m3/day, which significantly affects the size of the industrial process. The clear advantage is the phase separation at asymmetric flows, decreasing the amount of acid needed and enabling its regeneration on the production site. Optimization of the MSDE unit leads towards a smaller extractor size. 
	Table 1 summarizes all alternatives for the drying of chlorine. Each proposed process has its benefits.
	Table 7.1. Comparison of all proposed alternatives.
	The current industrial process is well known, improved and optimized over the past decades, while the new alternatives still have to demonstrate their maximum performance. Nevertheless, clear advantages are the choice of materials which are cheaper and proven during the years of service. The leading drawbacks are large compressors and the storage of sulfuric acid. These two factors determine the size of the process, occupying 91 % of the total size. The amount of water in chlorine gas affects the energy demand and the size of the water condenser. Also, contaminants from the sulfuric acid can end up in chlorine.
	However, sulfuric acid is (currently) cheaper than many other desiccants, such as molecular sieves. The main advantage of molecular sieves is the ability to regenerate on the production site, together with potential adsorption of other pollutants from the chlorine. Adsorption is present in the industry since the 19th century, so it can be designed and optimized rather easily. Frequent switching between the cycles leads to deterioration of the molecular sieves. This can lead to the contamination of chlorine with the adsorbent powder. The bottleneck is desorption in combination with material restrictions. Tantalum as a material of choice is suitable up to 150 °C. A cheaper option is the use of a tantaline coating, but its resistance towards temperature shocks has to be tested. Perhaps certain ceramic materials, such as silicon carbide [2] can be an option taking care that temperature shocks do not occur. Energy demand is less due to lower water content in the electrochemically produced gas. 
	An emerging extraction alternative which operates at high pressure is represented by the spinning disc technology. The performance of the MSDE unit shows remarkable results in the experimental systems. Tests in the real process need to be done to evaluate and optimize the process. Decreasing the number of spinning disc units is the main goal, to decrease the size but also the energy needed for rotation. The high pressure operation decreases the acid consumption and enables its regeneration on the production site. Again, the problem is the material choice, which increases the price of the whole process. Tantalum is the prime choice, but different ceramic materials or coatings such as silicon carbide can be used due to a constant temperature. The question is the resistance of these materials to erosive corrosion caused by a rapid rotation. Chlorine and sulfuric acid also challenge the sealing materials – their chemical resistance has to coincide with the material’s properties. Current (static) seals are optimized for the current industrial process, which are different than that for rotating equipment. Thus a few iterations are needed before the suitable sealing materials are found. The energy consumption per kilogram of dry chlorine is less than in the current industrial process but the high temperatures needed for acid regeneration can represent as challenge of the fuel storage.  
	The hydrate formation alternative represents a neat way of water removal. Low temperatures also enable the use of Hastelloy. Again the challenge is the sealing material for the rotating equipment. Since different guest molecules affect the hydrate formation, an additional step before the industrial application is required to test the new heat exchanger with the rotating surface for the chlorine hydrate formation. In this process the risk of chlorine pollution with a drying agent is minimized. This alternative requires the least amount of space and energy, and uses cheaper materials. The cooling unit consumes the most space, and should be optimized, possibly by using the chlorine cooling process. 
	To summarize, the current industrial process is the best option from a production point of view, provided that the space is not an issue and the price of the acid is low (together with the oil prices for the shipping costs). The next recommendation based on the production viewpoint is an adsorption alternative, due to its long presence in the chemical industry and simplicity. Sulfuric acid drying in the spinning disc extractor needs to be additionally optimized before industrial implementation. However, the spinning disc technology represents the present of process intensification and the future of chemical engineering. From the process development viewpoint the hydrate formation alternative is the most promising one in regards of the size, energy and materials. Its optimization leads to even greater benefits. The challenge with all the alternatives is the higher pressure operation. However, small intensified units can be developed that can safely withstand elevated pressures. Additionally, the process can be placed in a pressurized container to minimize the stress acting on the seals and equipment while localizing the potential leaks or hazards.
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	Figure 7.1. Schematic representation of the current industrial chlorine drying process. The equipment design and energy demand is performed per 1 kg/s mass flow rate of dry chlorine. Dark green lines represent wet chlorine, light green lines are in contact with dry chlorine while blue and red lines symbolize water and the sulfuric acid lines, respectively. Construction materials are chosen according to the resistance towards the fluid in contact.
	Figure 7.2. Schematic representation of the packed bed adsorption alternative. The column marked “A” represents the packed bed in the adsorption mode, while the column marked “D” represents the bed in the desorption mode. Dark green lines represent wet chlorine, light green lines are in contact with dry chlorine while blue lines symbolize water lines. At the outlet of the desorption, both dry and wet chlorine are present during the regeneration step. Construction materials are chosen according to the resistance towards the fluid in contact.
	Figure 7.3. Schematic representation of the hydrate crystallization alternative. The equipment design and energy demand is performed per 1 kg/s mass flow rate of dry chlorine. Dark green lines represent wet chlorine, light green lines are in contact with dry chlorine while blue and red lines symbolize water loop. The darker green line from the crystallizer outlet contains chlorine hydrate slurry. Construction materials are chosen according to the resistance towards the fluid in contact.
	Figure 7.5. Schematic representation of the sulfuric acid drying of liquid chlorine at high presure. The equipment design and energy demand is performed per 1 kg/s mass flow rate of dry chlorine. Dark green lines represent wet chlorine, light green lines are in contact with dry chlorine. Blue and red lines symbolize water and the sulfuric acid loop, respectively. The sulfuric acid is regenerated on the spot. Construction materials are chosen according to the resistance towards the fluid in contact.
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	Chapter 8
	Conclusions & Outlook
	The Information Age brings radical changes in all parts of life, altering the way people think, their needs and demands, leading to new technologies and products, and thus production processes. Also, more strict health, safety and environmental regulations are an anticipated evolutionary step in the development of the human society. Many old processes dating from the age of Industrial Revolution, such as chlor-alkali, are reinvented and thoroughly alternated towards a sustainable, intensified and distributed production. This thesis covers the research on the intensification of chlorine processing, as a part of the SPINCHAL project leading to a novel, distributed and compact chlor-alkali production process. The proposed alternative solutions, covering adsorption, liquid-liquid extraction and crystallization, are based on the high pressure electrochemical chlorine production process showing promising improvements in the process efficiency and a decrease in equipment size. All experimental investigations consider the DCM drying as a model for the chlorine process. 
	In order to accurately convey the tested DCM drying studies into the high pressure chlorine processing, the NRTL model is used for the thermodynamic description of the DCM-water and chlorine-water systems. A large miscibility gap leads to the activity coefficients above 150 (at 20 °C), demonstrating a positive deviation from the Rault’s law in both the DCM-water and chlorine-water systems. The mutual solubility at different temperatures gives the parameters for the NRTL model. However the prediction of the temperature effect on the activity coefficients from the mutual solubility data at a single temperature proved difficult. These temperature dependent activity coefficients are used in different calculations throughout the thesis, i.e. demonstrating a chlorine liquefaction efficiency above 99 % for conditions of 13 bar, 30 °C and 0.1 vol. % of incondensable gases. The accurate thermodynamic representation depends on the reliability of the mutual solubility data, from which the temperature dependent NRTL parameters are extracted. This is not an issue for the DCM-water system, since it is well known and could be also easily measured. However, the liquid chlorine water content is not experimentally known and relies on calculations that are only as good as their assumptions. The same holds for the solubility of chlorine in water at higher pressures, since it represents an extrapolation of the measurements at the atmospheric conditions. This stresses the necessity for experiments to be conducted to determine the mutual solubility of chlorine and water at elevated pressure at two temperatures.
	Adsorption is a well established technology in the chemical industry, so it can be designed and optimized rather easily. The advantage for the use molecular sieves is the ability to regenerate on the production site, and also the potential adsorption of other pollutants. The packed bed adsorption drying with the molecular sieves shows great promise in the drying of DCM but also liquid chlorine. The intraparticle resistances limit the water adsorption step, so smaller particle size would be beneficial although at the expense of increasing the pressure drop. The external heat transfer limits the bed regeneration with superheated dry DCM vapor. The desorption step can be optimized further by tweaking the external heating duty, the purge vapor flow rate and the regeneration temperature (within the material constraints). The experimental results are accurately described by plug flow with the axial dispersion model for the fluid phase, although complex regeneration represented a challenge. This model is extended for the drying of chlorine, however could be improved by more in-depth modeling of the occurring phenomena (i.e. vapor condensation during desorption). The bottleneck for chlorine application is the desorption step in combination with the material restrictions. Tantalum as the material of choice for both a dry and wet chlorine environment is suitable up to 150 °C but potentially some new ceramic materials, such as silicon carbide, could be an alternative. The energy demand of the high pressure chlorine drying process is less due to lower water content in the electrochemically produced gas, and could be further optimized. In addition, more than two beds used would utilize the adsorbent use. This sustainable novel process excludes emissions of the treated liquid (DCM, chlorine or other) to the environment during the desorption step, and does not use any additional purge gas that would require further purifications before venting. In this sense, this green process can be used for the adsorption drying of other liquids which are immiscible with water, such as chloromethanes, cyclohexane, heptane, hexane, toluene and others. Additionally, other pollutants (besides water) can be removed from the liquid by using the appropriate adsorbent in this process, as suggested in the patent WO 2016/075033 A1.
	The ability of different compounds to form clathrate hydrates with water is a nuisance that can be exploited in separation processes, such as desalinization. DCM and chlorine both form solid hydrates with a decrease of temperature and thus the water solubility. The executed experiments show that hydrates form on the heat exchange surface. Commercialization of the hydrate separation processes depends on the development of heat exchangers that can continuously remove adhered formed hydrate crystals inhibiting the apparatus blockage. It has been experimentally verified that these sticky crystals are sheared off from the heat exchanging surface in the turbulent conditions of the rotor-stator spinning disc contactor. Additionally, this research shows that the mass transfer is the hydrate formation’s limiting step, which is significantly improved with a rotational speed increase above 500 RPM (for the flow rates covered in this thesis). The high heat and mass transfer facilitate the hydrate formation, while the centrifugal force caused by the disc rotation opens a possibility for the phase separation. The low temperatures have a positive effect on the hydrate formation (due to the increased supercooling) but also decrease the corrosion rates, facilitating the materials choice for the chlorine drying. The heat integration leads to further savings by decreasing the cooling duty. Additionally, the processed chlorine is not contaminated by drying agents, e.g. sulfuric acid or zeolite. Compared to the other alternatives, the hydrate drying option yields the lowest process size. The intensified design of this apparatus with a rotating heat exchange surface reduces hydrate adherence, improves heat transfer performance and potentially decreases the unit volume. Further investigations are needed for the evaluation of this heat exchanger, and its potential for separating the formed hydrates from the dry liquid. For an accurate description of these phenomena and thus a better understanding, more in-depth modeling is required, which is difficult for the turbulent multiphase systems. Besides the mentioned desalinization and water purification methods, other opportunities for exploitation of the clathrate hydrates are in liquids miscible with water, using a gas (such as CO2 or lower hydrocarbons) as a hydrate former for water removal from i.e. azeotropic mixtures. The rotor-stator spinning disc contactor exhibits excellent mass and heat transfer performance due to high turbulence caused by the disc rotation, making it a very versatile process intensification unit. 
	The performance of the spinning disc apparatus makes it an ideal candidate for other multiphase separation processes, besides crystallization, such as liquid-liquid extraction. For drying purposes, a suitable solvent for the liquid-liquid extraction drying has to be immiscible with the wet liquid while having a high affinity towards water (i.e. concentrated sulfuric acid). Due to the sulfuric acid’s high hygroscopicity, only a small amount of the acid is required for obtaining the ppm-level dry DCM and chlorine, leading to the asymmetric flow rates of the two liquids. The performed experiments of the co-current DCM drying with the concentrated sulfuric acid demonstrate the acid holdup above the acid flow ratio. The acid holdup even increases with the increased asymmetry between the two flow rates. The overall liquid-liquid mass transfer coefficient increases exponentially with the rotational speed, yielding values up to 0.074 1/s, higher than those reported in packed columns, rotating disc columns and even settler-mixers. For chlorine drying, even less concentrated acid is needed due to the lower chlorine water content compared to DCM. The high acid holdup leads to the utilization of the acid consumption, leading to a potential acid regeneration at the chlorine production location. Small stage volume makes the rotor-stator spinning disc contactor an excellent alternative for mass transfer limited co-current liquid-liquid processes. An increase of the number of stages leads to a tunable residence time without influencing the mass transfer reactor performance. Scale-up by scale-out is preferred, due to the significant increase of the dissipation energy with the disc radius. However, these scale-up rules are also present in literature offering customizable equipment. Additionally, the generated centrifugal force can be used for separation of the two liquid phases. 
	An increase of the disc rotational speed also increases the shear force acting on both liquids in the rotor-stator spinning disc contactor. Beside its benefits (i.e. intense mixing, heat and mass transfer, high shear force results) an emulsion is still formed. This is an essential characteristic of the RSSD contactor for the liquid-liquid systems that have a low interfacial tension. In the case of the DCM-sulfuric acid system, emulsion of DCM in the acid occurs at rotational speeds above 1000 RPM. Commercially available centrifugal extractors increase the shear force together with an increase in the centrifugal force needed for separation. This expresses the need for a counter-current extractor with tunable shear and centrifugal force. Such an extractor, named the MSDE is investigated in Chapter 6. The mixing and separation of the two liquid phases are adjusted independently of each other demonstrating the versatility of the multi-stage spinning disc extractor compared to other centrifugal extractors. Rotating the casing and the impeller at different rotational speeds, adjusts both the shear and centrifugal forces acting on the liquids leading to a continuous counter-current operation with complete phase separation. Higher rotational speeds and higher acid flow rates widen the complete phase separation zone. The complex interaction of these forces affects the liquid holdup which is interconnected to the pressure drop of the liquid phase over the extractor inlet and outlet, which could lead to easier process regulation. The overall mass transfer coefficient of 0.067 1/s is higher compared to packed columns and a rotating disc column, yielding a height of the transfer unit of 0.126 m. The MSDE decreases the chlorine drying process size and the acid consumption, enabling its regeneration in small equipment at a remote chlorine production site. The material selection needs to satisfy corrosion resistance against both wet and dry chlorine, as well as the concentrated and diluted sulfuric acid, leading to an expensive tantalum. However, its performance needs to be optimized for the particular application. Also, the high mass transfer together with a small volume (104 mL per stage), makes the MSDE an excellent alternative for mass transfer limited counter-current liquid-liquid processes. An increase of the number of stages leads to a tunable residence time without influencing the extractors mass transfer performance. The operating window can be determined even for systems with a large viscosity difference and/or a small density difference. Regulating the back pressures leads to an additional degree of freedom in the operation, giving the possibility to tune the separation efficiency. A special application of the spinning disc apparatus is where floor space is limited and/or in no gravity conditions, such as (space) ships. In-depth modeling of the occurrences inside the steel “black box” would give better understanding of the influence of pressures on the liquid levels in the machine, enabling the prediction of the complete separation zones. Hopefully these models could give an answer to the liquid distribution along the apparatus as well, details of the continuous/dispersed phase, holdups and droplet size. With this information, one could extract the mass transfer performance and scale-up rules. There is a motivation for the use of higher flow rates and operating the experiments at industrial conditions, facilitating the implementation of the apparatus and process on a commercial scale. 
	Evaluation of the alternatives clearly shows the benefits of high pressure operation over the current chlorine drying process. Large compressors are omitted while the volumetric flow rate and thus size of the equipment are decreased. These alternatives are also less energy demanding and regenerate their drying mediums (sulfuric acid and molecular sieves) on the spot. However, the current industrial process is well known, improved and optimized over the past decades, while the new alternatives still have to demonstrate their maximum performance. This is reflected in the cheap material, desiccant selection (sulfuric acid) and high level of energy integration in the current drying process. The proposed alternatives need to be customized for the chlorine production in terms of operating conditions and materials used, especially the high pressure seals. One option is that the whole chlorine production process takes place in the pressurized a purged vessel, decreasing the pressure difference exerted on the seals, while also eliminating the chance of leakage to the environment. Besides the demonstrated benefits of the high pressure chlorine electrolysis for chlorine processing, it also affects the other parts of the chlor-alkali process. This synergetic positive effect motivates further research in this topic but also paves the road for the localized distributed production of other chemicals leading to a sustainable future.
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