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Abstract
Development of microscale equipment is mainly focused on reaction, mixing and heat transfer, 

however for implementation in the process industry also separation is required. In particular, 
equipment is missing that suits (i) the integration in a full-flow chain (ii) and production capacities of 
kilo- and pilot-labs in industry, which amounts to product- and solvent flows of 1-10 kg/day and 
10-100 l/day. A new device called coiled flow inverter enhances mixing by inverting the flow due to 
90° bends can be utilized for extraction purposes. 

 The goal of this project was to investigate immiscible liquid-liquid extraction with a coiled flow 
inverter operated in segmented flow mode combined with online phase separation – to 
characterize performance and to exploit range of capacity increase as compared to smaller single 
straight tube of same flow pattern. To do so the flow pattern within the CFI is studied, extraction 
performances are measured and compared with a straight tube and a membrane and slit separator 
are used for phase separation. To do these tests two model systems with different interfacial 
tension were used as advised by the European Federation of Chemical engineering (EFCE), 
water-acetone(10wt%)-toluene (17.8 mN/m) and water-acetone(10wt%)-butyl acetate (9.2 mN/m).

First the partition coefficient was measured using the shake flask method and compared to 
literature. The partition coefficients found are 0.86 wt/wt and 0.98 wt/wt for the toluene and butyl 
acetate system respectively, this corresponds with values found in literature (EFCE). Based on 
these values the equilibrium concentration and extraction efficiency are calculated.

Flow pattern maps for both model systems were made and it was found that the slug length 
does not increase with increasing flow rate as long as the aqueous volume fraction remains 
constant. When changing the aqueous volume fraction it was found that for the toluene system 
slugs lengths varied from three times tube length to one tube length. For the butyl acetate the slugs 
varied from 5 times the tube length for high aqueous volume fractions to drop flow for low aqueous 
volume fraction. 

Concerning the extraction efficiency the toluene and butyl acetate system show similar behavior 
and comparable performance within the CFI. The difference in interfacial tension does not have a 
significant effect in the extraction efficiency, both systems reach efficiencies above 90%. 
Comparing both model systems with a straight tube show that the CFI shows better performance at 
higher flow rates most likely due to flow inversions and Dean vortices. For systems with lower 
interfacial tension the advantage of the CFI can already be seen at flow rates of 10 ml/min where 
for high interfacial tension systems the advantage starts at 30 ml/min. One of the remarkable 
differences between the CFI and the straight tube is the development of a parallel flow within the 
straight tube at high flow rates while the CFI maintains operating in the slug flow regime. Parallel 
flow can be seen at 50 ml/min and 40 ml/min for the toluene and butyl acetate system respectively.

The effect of the aqueous volume fraction on the extraction performance was studied. The 
difference in interfacial tension causes the slightly lower performance (~10%) at low aqueous 
fraction for the butyl acetate test system when using the CFI. When increasing the aqueous 
volume fraction, and thus the aqueous slug length, it was found that the straight tube shows a 
lower extraction efficiency. This can be caused by the larger stagnant zone within the aqueous 
slugs. The CFI performed better at these parameters because of its flow inversions which mixes 
the stagnant zone, and causing an increase in the surface-to-volume ratio.

Online phase separation was tested using a slit separator for a slit height of 0.4 and 0.8 mm, 
and by using a 0.5 μm Zefluor PTFE membrane in an IMM microreactor. Entrainment of the 
organic phase was observed using the membrane hence 20% of the retentate was organic phase 
for flow rates of up to 20 ml/min. Higher flow rates were not tested due to the large pressure drop 
over the membrane. Although it was expected for the slit height of 0.8 mm to perform better 
compared to 0.4 mm (based on theoretical calculation) the contrary was observed. Using a slit 
height of 0.4 mm a maximum of 20% breakthrough was observed for flow rates up to 120 ml/min 
and 32 ml/min for the toluene and butyl acetate test system respectively.
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1. Introduction
Over the past few years new devices were developed to reduce residence time, show better 

mixing performance, improve heat transport and have improve safety. These points are referred to 
by Hessel et al. [1] as transport intensification. Modern devices as spinning-disk, membrane 
reactors, micro- and millireactors are notable examples to exploit the transport intensification 
principles. Among these, microreactor technology is considered to be most potential in process 
intensification [1]. Microprocess technology is defined as miniaturized reaction systems with 
characteristic dimensions of internal structures ranging from sub-micrometer to sub-millimeter 
regime [2]. One of the advantages of microprocessing are the short diffusion paths for heat and 
mass transfer due the extremely large surface-to-volume ratios. The decrease in linear length 
scales will reduce volume, heat loss etc. Aside from that, the miniaturized unit operations require 
less space, energy and materials.

Using these short scales has opened a new field of opportunities the so called Novel Process 
Windows (NPW)[1]. NPW constitute a chemical intensification field with so far hardly or non 
explored process windows (e.g. for temperature, pressure, concentration, or solvent choice), major 
part of flow chemistry uses that idea. NPW also offer new horizons in process design with regard to 
integration and simplification. At the edge of chemical and process-design intensification are new 
chemical transformations which need input from both NPW sides. Especially those flow reactions 
need a proper online flow integration and demand for proper flow separations, this is this study is 
focused on.

Figure 1.1: A schematic view of the Novel Process Windows [1].

The majority of the research in the microprocess field has been focused on reaction, mixing and 
heat-transfer. Some research has also been done on micro distillation, adsorption/desorption and 
liquid-liquid extraction for purification [2, 3]. Liquid-liquid extraction has generated most interest to 
be used in microscale processing [4]. In microdevices surface tension forces dominate over 
gravitational, viscous and shear forces this causes liquid-liquid flow to have predefined flow 
patterns. Extraction requires good mixing and enhanced mass transfer a coiled flow inverter (CFI) 
has the potential to be a very good device for microextraction.

Domination of the surface tension force makes conventional phase separation methods based 
on gravity and density differences not applicable. Separation of flows consisting of immiscible 
liquids  can be based on capillary forces in the channels of the microdevice, coated channel walls, 
membranes and preferential wettability. Performing reaction, extraction and phase separation 
online the system will fit in the NPW of process simplification & integration. 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For example, high-temperature superheated flow processing
in capillaries is a widely applicable and major NPW approach,
as initiated by the group of Kappe et al.[12c,f]

Flash chemistry[13] is a complementary approach to
NPWs.[8, 11, 12a,b,d,e] Essentially, it combines new chemical transfor-
mations with transport intensification at very short residence
times. The key is to create highly reactive species through ther-
mal, microwave, chemical, photochemical, and electrochemical
activation. This allows fast organic syntheses in a few seconds

or less, and thus, ms-scale mixing is needed. Such a procedure
can be repeated multiple times to form a cascade flow reac-
tion, which provides a space-integrated flow reaction scheme,
hereby providing a bridge to process-design intensification.

1.5. Process-design intensification

Transport and chemical intensification can have an impact on
the whole process. These new possibilities can lead to a radical
rethinking of the whole process design, including the separa-
tion part. Current flow sheets are typically prepared in a “plug
and play” design based on a set of existing modules, which
are optimal for single-unit performance; this is supported by
computing platforms, such as Aspen software. Flow process
sheets with microreactors are not necessarily optimally plan-
ned with the same methodology for the following reasons:
1) inconsistent, gap-free availability of standard modules; 2) re-
action-dominant process design, whereas today’s plants are
utility and purification dominated; 3) no additive (plug and
play) design from components into a chained plant, rather in-
teractive design; and 4) integrated design, in which the system
is viewed as an interactive platform between the component
and plant level (Figure 3).

System integration is most advanced in microfuel process-
ing.[14, 15] In such processing, many hot and cold fluidic streams
are coupled in a micro heat exchanger part to a reactor part.
The coupling of endothermic with exothermic reactions and of
evaporation (for cooling) with exothermic reaction (Figure 3) is

Figure 2. A schematic representation of the definition of NPWs.

Figure 3. Process flow scheme of a 50 kW ethanol fuel processor with integrated microstructured reactors connected by a complex material flow network.
(Reprinted with permission from Ref. [16] . Copyright 2011 American Chemical Society.)

! 2013 Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim ChemSusChem 2013, 6, 746 – 789 750
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1.1. Problem statement
Previous work has shown that homogeneous metal catalysts extraction can successfully 

be combined with reaction in microscale flow equipment. However the industry demands 
larger throughputs and thus scale up of the equipment. 

1.2. Objectives
The objective of the study is to investigate immiscible liquid-liquid extraction with a coiled 

flow inverter (CFI) combined with online phase separation. 

• Determine which flow patterns are within the coiled flow inverter, i.e. if segmented flow can 
be maintained at high flow rates and how its flow pattern map looks like.

• Characterize the performance of the coiled flow inverter in single stage liquid-liquid 
extraction, and explore possible capacity limits of operation.

• Design a setup for continuous liquid-liquid extraction at high flow rates with online phase  
separation.

• Achieve phase separation with a minimal amount of breakthrough.
• Compare extraction performance of the CFI with the extraction performances of a straight 

tube.
• Demonstrate scale up by operation at a solvent capacity potentially close to pilot-scale 

(10-100 l/day).

1.3. Scope of study
The study will mainly focus on extending previous work [5] to higher flow rates and 

research in this process windows above mentioned performance criteria. The range of flow 
rates to be tested is chosen to be 2-120 ml/min. Two phase separation devices were tested 
which separate on the principle of preferential wettability, namely a membrane separator 
and a slit separator. A comparison was made between the CFI and a straight tube.  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2. Theory
2.1. Microfluidics

Flow chemistry in microscale equipment is defined by the characteristic dimensions of 
the internal structure. Fluid channels in this scale typically range from sub-micrometer to 
the sub-millimeter scale. Some advantages of this technique are as follows [1]:

• Unique flow: laminar flow for singe flows or defined multiphase flows.
• Short diffusion paths for heat and mass transfer.
• High surface-to-volume ratios for phase contact areas.
• High share of solid wall material, leading to a short path to the catalyst.

These advantages make microscale systems suitable for liquid-liquid extraction. Short 
diffusion paths and high surface-to-volume ratios mean fast mass transfer and thus short 
residence times. The defined multiphase flow patterns make two phase flow very 
controllable for e.g. separation. Several studies have been performed on the control and 
changing of the flow pattern [6, 7]. Figure 2.1 shows six different flow patterns as defined by 
Kashid et al. [8]. These different flow patterns can be induced by changing the two-phase 
velocity, flow rate ratio or the use of internally structured microchannels.

Figure 2.1: Examples of possible flow regimes in a microchannel. [8]

The differences and advantages of microscale operation compared to macro scale 
operation can be explained by the difference in dominant forces. Important forces that play 
a role in fluid dynamics are: gravitational, surface tension, viscous and inertia forces. 
Microscale operations are characterized by the dominance of surface tension forces over 
the other forces, which is in contrary with macroscale operations. The extent to which 
forces dominate over others can be expressed in dimensionless numbers, table 2.1 gives 
an overview of some relevant dimensionless numbers, what ratio they represent and typical 
micro values.

TABLE 2.1: IMPORTANT DIMENSIONLESS NUMBERS FOR MICROSCALE OPERATION [9].

Name Formula Physical 
interpretation

Typical 
micro value

Bond 
number 1・10-3

Capillary 
number 1・10-4

Weber 
number 1・10-7
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tational acceleration g = 9.81 m s–2. The central quantity the present analysis is based
on is the relevant length scale L in both types of reactors. For the stirred vessel, a
diameter of 1 m is assumed, while the channel diameter of the T-shaped micro
reactor is fixed at 100 µm. When gas/liquid flows are considered, a second length
scales comes into play, which is the bubble diameter. Characteristic bubble diam-
eters in heavily agitated tanks are about 500 µm [108], whereas in a micro reactor
the dimension of the bubbles is typically the same as the channel diameter. Alter-
natively, the T-shaped micro reactor might also be used to process droplets or slugs
instead of bubbles.

In Table 1.3, some of the most important dimensionless groups characterizing
the flow in both the standard macroscopic vessel and the micro reactor are listed. If
not stated otherwise, the geometric dimensions (1 m and 100 µm) were used as
the length scale L. Likewise, the properties of water were normally used to com-
pute the expressions in the second column. The evaluation of the Bond number in
the second line shows that in both the macro and micro devices, gravitational forces
can usually be neglected when compared with surface-tension forces. However,
the Froude number indicates that in these two cases gravitational forces dominate
over inertial forces. The product of both numbers gives the Weber number, listed

Name Formula Phyical 
interpretation 

Typical 
macro 
value 

Typical 
micro 
value 

Comments 

Bond 
number 

-

=

ρ ρ

σ

2
l g( )

Bo
L g

 
gravitational force

surface-tension force
 3 · 10–2 1 · 10–3

Relevant for 
bubble (droplet) 
flows. Length 
scale: bubble 
diameter 

Capillary 
number 

µ

σ

=Ca
u

 
viscous force

surface-tension force  
1 · 10–2 1 · 10–4

Relevant for 
bubble (droplet) 
flows 

Froude 
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ρ

ρ ρ

=

-

2
g

l g
Fr

( )

u

g L
 

inertial force
gravitational force

 
2 · 10–1 1 · 10–4
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bubble (droplet) 
flows. Length 
scale: bubble 
diameter 

Reynolds 
number 

ρ

µ

=Re
L u

 
inertial force
viscous force

 1 · 106 1  

Weber 
number 

ρ

σ

=

2
g

We
L u

 
inertial force

surface-tension force
 8 · 10–3 2 · 10–7

Relevant for 
bubble (droplet) 
flows. Length 
scale: bubble 
diameter 

 

Table 1.3  Comparison of miscellaneous dimensionless groups characterizing different
hydrodynamic regimes in macroscopic vessels and micro reactors.
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tational acceleration g = 9.81 m s–2. The central quantity the present analysis is based
on is the relevant length scale L in both types of reactors. For the stirred vessel, a
diameter of 1 m is assumed, while the channel diameter of the T-shaped micro
reactor is fixed at 100 µm. When gas/liquid flows are considered, a second length
scales comes into play, which is the bubble diameter. Characteristic bubble diam-
eters in heavily agitated tanks are about 500 µm [108], whereas in a micro reactor
the dimension of the bubbles is typically the same as the channel diameter. Alter-
natively, the T-shaped micro reactor might also be used to process droplets or slugs
instead of bubbles.

In Table 1.3, some of the most important dimensionless groups characterizing
the flow in both the standard macroscopic vessel and the micro reactor are listed. If
not stated otherwise, the geometric dimensions (1 m and 100 µm) were used as
the length scale L. Likewise, the properties of water were normally used to com-
pute the expressions in the second column. The evaluation of the Bond number in
the second line shows that in both the macro and micro devices, gravitational forces
can usually be neglected when compared with surface-tension forces. However,
the Froude number indicates that in these two cases gravitational forces dominate
over inertial forces. The product of both numbers gives the Weber number, listed
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separation time. Generally, the microchannels are considered
suitable for applications requiring shorter residence time, varying
from a fraction of a second to a fewminutes. If a similar practice is
followed for the microchannels, then the sample collection time
often would be longer than the residence time in the micro-
channel, resulting in inaccurate mass-transfer rates. Therefore,
the microchannel should be divided in different mass-transfer
zones and the contribution of each zone should be estimated
separately. Zhao et al.8 divided a microchannel setup into diff-
erent sections, such as the contacting junction, the microchannel,
the outlet conduit connected to the microchannel, the droplet
falling from the conduit, and the sampling from the phase
separator. The effect of the last three contributions on overall
kLa value was eliminated, using time extrapolation, meaning that
the concentrations at the inlet of first zone and outlet of the last
zone were considered while the residence times of only the first
two zones were considered in the estimation. Therefore, the
overall mean kLa value contains mainly the contribution of the
junction and the mixing microchannel zone. In the present work,
it was judged that the mass transfer takes place in the mixing
junction and the microchannel, as well as in the downstream
capillary that connects the microchannel with the sampler. Thus,
the residence time in each microchannel was calculated by
dividing the volume of microchannel and downstream-con-
nected capillary by the total volumetric flow rate.

’RESULTS AND DISCUSSION

Flow Regimes.When two immiscible liquids were introduced
into the microchannel, different flow regimes were observed,
depending on the type of microchannel and flow velocity. When
the data of all microchannels were analyzed, six different flow
regimes such as slug flow, slug-drop flow, deformed interface
flow, annular flow, slug-dispersed flow, and dispersed flow were
observed, as shown in Figure 3. These flow regimes are defined as
follows:
(A) Slug Flow: In this flow regime, one liquid flows as a

continuous phase while the other flows in the form of
slugs longer than diameter of the microchannel. In this
case, the surface tension between one of the liquids and

the wall material is higher than the interfacial tension
between two liquids. The high-surface-tension phase
flows in the form of enclosed slugs, while the other phase
flows as a continuous phase forming a thin wall film of a
few micrometers in size. If the flow does not satisfy this
condition, then both liquids flow alternatively without
forming a wall film. This flow pattern occurs at relatively
low and approximately equal flow rates of both liquids,
where interfacial forces dominate. This is a commonly
observed stable flow regimes in the microchannels.2,3,7

(B) Slug-Drop Flow: In this regime, the dispersed phase flows
in the forms of irregular slugs and drops. This flow
regime occurs either at lower volumetric flow rate of
the dispersed phase, compared to the continuous phase,
or at the flow rate higher than slug flow.

(C) Deformed Interface Flow (Intermittent or Irregular Flow):
At relatively higher flow velocity, the dispersed phase
flows to a certain distance, either in the form of parallel
or annular flow, and then produces irregular droplets.
The length of the parallel flow region increases with flow
velocity. If the volumetric flow rate of the dispersed
phase is higher, compared to the continuous phase, then
the slugs of the former flow close to each other. The
deformation of hemispherical caps of the slug becomes
more pronounced and they tend to form bridges be-
tween adjacent slugs, which may lead to the formation of
larger slugs by coalescence. This regime is less stable and
acts as a transition between the slug-drop flow regime
and the parallel flow regime.

(D) Annular or Parallel Flow: This flow regime was observed
at elevated flow rates in the microchannel without a
structured internal surface: the higher the flow velocity,
the better its stability. The shear force of the continuous
phase is dominant over the surface tension force. The
difference between the annular and parallel flow is
that one of the liquids flow in the annular region
enclosed in the other liquid in the former case while
both liquids flow parallel in the latter case. The
geometrical shape of the two-phase contacting geometry
is a decisive parameter in the formation of the flow: a
concentric geometry forms annular flow while a non-
concentric geometry (T-junction or Y-junction) forms
parallel flow.

(E) Slug-Dispersed Flow: This flow regime was characterized
in the microchannel downstream to the structured
internal surface. At elevated flow velocities, the struc-
tured internal surfaces create dispersion, and, as a result,
part of the continuous phase flows in the form of small
droplets in the dispersed phase.

(F) Dispersed Flow: This flow regime was observed when the
flow rate was further increased in the microchannel with
a structured internal surface. The downstream capillary
was completely filled with very fine droplets of one phase
into the other.

The flowmaps for all microchannels were plotted separately in
Figure 4. It is important to note that the flow regimes in
microchannels without a structured internal surface (A, B, C,
and D) were analyzed using the snapshots of the microchannel.
However, the flow regimes in the stainless steel caterpillar micro-
channel were characterized using the snapshots of the down-
stream attached polytetrafluoroethylene (PTFE) capillary. The

Figure 3. Flow regimes observed in two-phase microchannels. The
snapshots of flow regimes A, B, C, and D presented were observed in
concentric microchannel for equal flow rates of both phases. Low-
viscosity toluene (μ = 0.59 Pa s) was introduced through the core region
and high-viscosity water (μ = 1 Pa s) through the annular region: (A)
slug flow (two-phase velocity, u = 8.28 mm/s), (B) slug-drop flow (u =
82.9 mm/s), (C) deformed interface flow (u = 99.5 mm/s), and
(D) annular/parallel flow (u = 116 mm/s). Flow regimes E and F
presented were taken from downstream capillary of the caterpillar
microchannel: (E) slug-dispersed flow (u = 2.74 m/s) and (F) dispersed
flow (u = 3.2 m/s).



Slug flow (A in figure 2.1) is defined as a type of two phase flow pattern that consists of 
elongated slugs with equivalent diameter usually many times that of the channel diameter, 
separated by slugs of a different phase [10]. Which phase forms the slugs (round edged) 
and which phase forms the continuous phase is influenced by the channel wall and the 
affinity of the the phases with the channel wall. One of the great advantages in slug flow is 
the internal circulation within each slug (Fig. 2.2), this results in a near homogeneous 
concentration within each slug. However within each circulation there is a small zone which 
remains stagnant other convective forces need to be applied to mix the complete slug. 
Reactor simulation and modeling can be less intensive since only one slug has to be 
modeled in stead of the complete reactor [9].

Figure 2.2: Schematic illustration of slug flow showing internal circulation within each slug and 
interfacial diffusion between two adjacent slugs [11]. 

2.2. Micromixing 
Mixing in macroscopic systems is mainly carried it in the turbulent regime. Microscopic 

systems which are governed by laminar flows usually relies on diffusive or convective 
mixing. In order to perform mixing in microscopic systems active or passive mixers are 
applied. Figure 2.3 shows some examples of passive and active mixers. The main 
difference between those categories is the external energy input needed for mixing. Active 
mixers require an external force for mixing, e.g. a pressure disturbance. Passive mixers 
however mix without external forces, but use flow forces induced by pumps and micro 
structures to mix the liquid. Passive mixers are easier to fabricate and provide adequate 
flow rates as needed in chemical process industry [3, 12]. 

Figure 2.3: Micromixer classifications [3].

Multilamination and split-and-recombine mixers are common ways to perform diffusive 
and convective mixing respectively. For convection, the concept of chaotic advection is also 
a major sub principle. Chaotic advection can be achieved with alternating helical flows, 
curved microchannels like bent, spiral or helical coils which are easy to fabricate have 
shown to offer effective mixing due to the chaotic advection [3]. 

Static mixers with internal structures have limitations for very viscous fluids since it can 
cause severe pressure drop which can result in high pumping costs. A coiled flow inverter 
(CFI) was developed by Nigam to overcome this limitation [13, 14]. The configuration of a 
CFI  consists of a finite number of 90 degree bends at equal intervals along the length of 
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numerous principles have been proposed (see
Fig. 14), each giving rise to a specific mixer
design (e.g., Tesla-shaped), to specific effects
(e.g., Coanda effect), and to an almost unman-
ageable number of names for these subprinci-
ples. Most of these, however, were developed
for lab-on-a-chip applications. The number is
much reduced when applications in micro

process technology are considered. Nonethe-
less, most of the passive mixing subprinciples
rely on a flow regime which generally matches
that of microreactors, i.e., could in principle be
applied therein. This is why a compilation of
these is given in the following.

Active micro mixers rely on the integration
of additional parts and are generally more

Figure 13. Some types of active and passive micromixers

Figure 14. Diverse active principles for micromixers (Courtesy of IOP [17])
A) Serial segmentation; B) Pressure disturbance; C) Micro stirrer; D) Electrohydrodynamic; E) Dielectrophoretic;
F) Electrokinetic for chamber; G) Electrokinetic for channel
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systems becomes feasible. In the present work, the liquid-liquid
extraction of three non-reactive systems was considered: iodine
from its aqueous solution into kerosene (system I), succinic acid
from its aqueous solution into n-butanol (system II), and acetic
acid from kerosene into distilled water (system III). Similar
systems were used in the impinging streams contactor by
Dehkordi.7 The objective was to compare the performance of
liquid-liquid slug flow with the impinging stream contactor
and thus other contactors. In addition, a microscale flow splitter
based on the wetting properties of the liquid on solid walls was
developed to separate the phases following extraction. The effect
of various operating conditions such as flow rate, capillary
diameter, and flow ratio was studied. The power requirement
of the system was investigated for one of the non-reacting
systems. Finally, the values of the mass-transfer coefficients
and power input were compared with those for conventional
contactors.

2. Experimentation

2.1. Experimental Setup. The experimental setup used in
the present work is depicted schematically in Figure 2. The
figure illustrates that the two immiscible liquids (aqueous and
organic, from reservoirs 1 and 2 in Figure 2) are introduced by
continuously operating high-precision piston pumps (3 and 4
in Figure 2) to a symmetric 120° Y-piece mixing element made
of Teflon (5 in Figure 2). The pumps (with a floe range of
1-999 mL/h each) are controlled with the help of a computer,
which permits precise tuning of the flow rate down to 1 mL/h.
The capillary contactor (6 in Figure 2) is made of polytetrafluo-
roethylene (PTFE) and was attached directly downstream of the
Y-piece. The length of the capillary microreactor can be adjusted
easily; thus, the setup was very flexible with respect to the
residence time used. At the end of the contacting stage, a flow
splitter (7 in Figure 2), which is discussed in detail in the next
section, was used to separate the phases. The samples from the
two outlets of the splitter were collected in the sampling bottles
(8 and 9 in Figure 2) for further analysis.

2.2. Flow Splitter. We have developed a Y-piece splitting
element with one inlet and two outlets to separate the two
immiscible liquid phases (aqueous and organic), as illustrated
in the photograph in Figure 3 and in the schematic shown in
Figure 4. The splitter was comprised of Teflon with a steel
needle having an internal diameter equal to the Y-junction
internal diameter, being fitted into one of the outlets. The splitter
works on the principle of preferential wettability of a liquid on
a solid material. The aqueous phase has strong affinity toward
steel, whereas the organic phase has affinity toward Teflon. This
difference in the affinity can be harnessed for the separation of
the two phases. The technique is especially suitable for use in
microscale equipment, in which surface tension forces, rather
that gravitational body forces, dominate. Furthermore, excellent
separation can be achieved over a wide range of flow rates and
phase ratios.
2.3. Operating Conditions and Measurements. The operat-

ing conditions used for the experiments are given in Table 3.
Various capillary sizes (diameters of 0.5, 0.75, and 1 mm) were
used with the corresponding Y-junction dimensions. All the
experiments were performed under the slug-flow regime with
both equal and unequal flow ratios of the two phases. For each
set of operating conditions, three samples were taken from each
outlet stream of the splitter, to ensure the repeatability of the
results. Quantitative analysis of the samples was performed by
titration, using a standard sodium hydroxide (NaOH) as a titrant
for succinic acid and acetic acid samples and sodium thiosulfate
for iodine samples. The samples from each set of experiments
were analyzed and a mean value was recorded. The accuracy
of the analytical methods was checked using known calibration
samples. Before taking final measurements, several orientation
experiments were performed to identify the appropriate lengths
and residence times. Two sets of measurements were taken for
each system: varying the flow rate at constant capillary length
(i.e., varying residence time) and varying the flow rates in
parallel with the length of the capillary (i.e., at constant residence
time). Various capillary and Y-junction sizes were used at
different flow velocities and phase ratios, to examine the
dependence of microextractor performance on the operating
conditions. The interfacial area was estimated using a snapshot
technique.15 The interfacial area thus determined was used to
calculate the mass-transfer coefficients under all operating
conditions. Two parameterssthe extraction efficiency and the
mass-transfer coefficientswere applied to evaluate the perfor-
mance of the capillary contactor.
The flow splitting experiments were performed separately

with pure liquid phases. The operating parameters and conditions

Figure 1. Experimental snapshot of liquid-liquid slug flow and a schematic
illustration of slug flow showing internal circulation within each slug and
interfacial diffusion between two adjacent slugs.

Figure 2. Diagram showing the experimental setup. (1,2) Reservoirs
containing aqueous and organic liquids, respectively; (3,4) feed pumps; (5)
Y-junction mixing element; (6) slug-flow capillary; (7) flow splitter; and
(8,9) sampling bottles.

Figure 3. Flow splitter showing splitting of two phases: an aqueous phase
(water + brilliant blue dye) and an organic phase (n-butyl formate).
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the tube. A schematic view of a coiled flow inverter is shown in figure 2.4 below, the figure 
also shows an images of the flow inversion induced by the bends. The CFI has also been 
realized as 2-D planar version in chip format as helical micromixer with similar benefits 
reported.

Figure 2.4: Schematic view of a coiled flow inverter with three bends and velocity profile within the 
tube [15].

A way to describe the amount of Dean vortices is the dimensionless Dean number (see 
equation 1). Dean vortices are induced by turns within a channel, thus repeating these 
turns will allow the Dean effect to intensify a helical coiled tube uses this principle. Within 
the CFI these vortexes will be inverted creating even more chaotic advection and thus 
reducing the axial dispersion. Figure 2.5 show the velocity vectors in a CFD simulation of a 
CFI at different Dean numbers to show the development of Dean vortices, it can be seen 
that at Dean = 70 the Dean vortices are fully developed. The large amount of axial mixing in 
the CFI reduces the amount of back-mixing and makes the CFI tends towards ideal plug 
flow [9, 15, 16].

� (1)

Figure 2.5: CFD simulation velocity vectors in a CFI (dt =0.5mm) at different Dean numbers [17]. 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shows that the effect of secondary flow is undoubtedly weak at the
lower value of Dean number (=8). The probable reason for such
behavior may be the weaker centrifugal force at a lower Dean
number, which was insufficient to overcome the stream-wise
inertia force. The Dean vortices clearly appear at the higher values
of Dean number with intense movement of the velocity vectors
towards the outer wall from the center of MHC and MCFI, which
endorse the presence of the stronger centrifugal force. The above
statement is also supported by physical interpretation of the Dean
number in terms of the balance between the forces due to inertia,
centripetal acceleration and the viscous forces by re-arranging the
terms as follows:

NDe ¼ NRe

ffiffiffiffi
1
l

r
(14)

Where, l is the ratio of the curvature diameter to the tube
diameter. Eq. (14) can be written in terms of the tube diameter (dt)
and curvature radius (Rc).
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The term ru2
0=Rc is an approximation of the force to produce the

centripetal acceleration. The term ru2
0 represents an inertial

contribution from the fluid, while muo/dt represents the viscous
forces.

At the lower values of the Dean number the centrifugal force,
which is a fictitious force in the opposite of the centripetal force,
becomes weaker due to the lower angular velocity. Hence, the

Fig. 6. Comparison between the Nusselt numbers of present study and
experimental results reported in literature for micro straight tube.

Fig. 7. Velocity vectors at the outlet of (a) MHC and (b) MCFI for dt = 0.5 mm, l = 10 and different values of NDe.
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considerable narrowing of residence time distribution22 and 25-
30% improvement in Nusselt number23-26 as compared to helical
coils.
Hence, good knowledge of the extent of axial mixing in the

liquid phase is essential for the modeling, design, and optimiza-
tion of flow reactors. However, only a few studies have been
reported on the RTD of two-phase flow systems in complex
geometries.27-33 Saxena et al.28 studied liquid-phase RTD for
an air-water system through helical coils with λ ranging from
11 to 60.7. They investigated both upward and downward flow
and proposed a model to describe RTD. Salengke and Sastry29,30
reported that the mean and the standard deviation of the
normalized residence time of particles decreased as either
particle size or flow rate was increased in a U-bend geometry.
They presented empirical correlations between the means and
the standard deviations of the normalized residence time and
particle Froude number, particle concentration, and the ratio of
bend radius of curvature to tube diameter. Grabowski and
Ramaswamy31 investigated the RTD of individual food particles
in the curved section (180°) of a holding tube of an aseptic
processing simulator. Particle size and shape and viscosity of
the carrier liquid influenced the velocity of the food particle in
the curved section, but only the shape effect was similar to that
in the straight part of the tube.
A study of residence times of multiple spherical particles

suspended in aqueous solutions of carboxymethylcellulose
(CMC) during pseudoplastic flow through a commercial size
transparent holding tube system was presented by Sandeep and
Zuritz.32 In their another contribution, they studied residence
times of multiple particles during the flow of a non-Newtonian
suspension through a conventional holding tube assembly and
compared it with that in a helical holding tube assembly of
identical length and tube diameter.33 They found that the ratio
of mean to minimum residence time was within 1.05 to 1.11 in

the helical holding tube and 1.06 to 1.16 in the conventional
holding tube for the range of parameters studied.
This work attempts to experimentally investigate the liquid-

phase RTD in CFI. Liquid-phase mixing generally influences
the heat and mass transfer rates and reactant conversion in any
reactor. Hence, this paper aims to characterize the performance
of CFI as a mixer for gas-liquid system by varying geometrical
parameters, operating conditions, and fluid properties. A modi-
fied axial dispersion model has been proposed to describe the
liquid-phase RTD through CFI. A mixing criterion is defined
that takes into account both the decrease in axial dispersion and
increase in pressure drop in CFI. Our work seeks to exploit the
ability of the CFI to improve the conversion and selectivity by
improved mixing, residence time characteristics, and thermal
control. It is shown that CFI achieves process intensification
by improved chemical performance as well as by substantial
reduction in reactor size requirements.
CFI has enormous potential areas of application such as inline

mixers (for liquid-liquid and gas-liquid systems), reactors, heat
exchangers, biosensors, and membranes.34

2. Experimental Setup and Methodology

Step response experiments were carried out to measure the
RTD of the liquid phase in two-phase flow through a coiled
flow inverter (CFI). A schematic diagram of the experimental
setup is shown in Figure 2. CFI was prepared by using thick-
walled, transparent PVC tubing. The transparent wall of the PVC
tubing facilitated visual observation of the flow patterns. The
PVC tubes were wound around a square-shaped frame made
up of cylindrical rods. The internal diameter of tube (d) was
varied from 0.005 to 0.015 m, and coil diameter (Dc), from 0.08
to 0.2 m. The angle at the bend was 90° with equal space before
and after the bend. The curvature ratio (λ ) Dc/d) of the coil
was maintained constant and was varied for different CFIs from

Figure 1. Working principle of coiled flow inverter.
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2.3. Microextraction and phase separation
To perform microextraction good dispersion, contacting and constant phase separation 

of two immiscible phases is needed. Macroscale extraction is usually performed in large 
columns using dispersions. Enhanced mixing can be achieved using microscope equipment 
due to the higher surface-to-volume ratio and shorter diffusion paths [1]. Some of the above 
mentioned micromixers and also the CFI can be used both for single- and two-phase 
mixing (as needed for extraction). In some cases specialized two-phase micro-flow 
contractors exist, which are here however not considered because their scale-up is deemed 
more difficult as for the fist mentioned equipment.

In microscale equipment multiphase flows have defined patterns, hence there are 
multiple ways to contact the organic and the aqueous phase. Using guided structures or 
surface-treated channel walls one can achieve phase separation all along the channel path, 
while still allowing a contact interface [18]. Membrane contactors for extraction and 
separation have been developed, but have a relative small contact area. Micromixers which 
create fine dispersions of droplets which are typical below 50 μm, (e.g. interdigital mixers) 
make use of an even shorter diffusion path and large interfacial areas [19-22]. 

However there remains an issue to separate the phases, a solution is extraction 
performed in slug flow. In parallel flow the mass transfer is diffusion driven whereas in slug 
flow rapid extraction can be achieved due to internal circulations [2]. Utilizing a chaotic 
advection mixer like a CFI can enhance the convective mass transport. Being able to 
separate the two phases easily when using slug flow is a major advantage. Several 
researches have been done on the concept of slug flow microextraction see Table 2.2 [11, 
21, 23, 24].

TABLE 2.2: STUDIES CONCERNING EXTRACTION IN SLUG FLOW REGIME [11, 21, 23, 24].

After extraction, in macro scale often separation methods like settling or distillation are 
used [25]. In microscale the use of a separator which uses the principle of preferential 
wettability of a liquid on a solid material is more common [2] e.g. coated channel walls, 
membranes (fig 2.6) or slit separators (fig 2.7). In these separators the aqueous phase has 
strong affinity with steel [11] or glass [26], whereas the organic phase shows strong affinity 
with e.g. teflon or hydrophobic membranes [22]. This technique is very well suitable for use 
in microscale since surface tension forces dominate rather than gravitational forces. 

Authors Operational 
conditions

System Performance

Kralj et al. 
(2007)[21]

0.3 x 0.4 x 0.15 
(W x L x D mm) 
3 ml/h

DCM/DMF/Water Thermodynamic equilibrium is 
achieved with slug flow regime

Kashid et al. 
(2007)[11]

ID:  0.5 – 1mm  
L: 100 – 300 mm 
5 – 60 mL/h

Kerosene/acetic acid/water 
Water/iodine/kerosene 
Water/succinic acid/butanol

90% efficiency, increase in flow 
rate extraction performance 
drops due to mass-transfer 
limitations 

Jovanovic et al. 
(2012)[24]

ID: 0.25 mm
L: 400 mm
6 – 36 ml/h

Toluene/2-butanol/water Thermodynamic equilibrium 
achieved with slug flow regime

Okubo et al. 
(2008)[23]

ID: 0.5 – 1 mm
Up to 300 ml/h

Dodecane/phenol/water 90 % extraction in 100 s, 
increase performance with 
increased flow. 
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There is however a constraint with these separation techniques; the pressure difference 
between the hydraulic pressure and the capillary pressure. If the hydraulic pressure (which 
is induced by the pumps) of one phase exceeds the capillary pressure of the membrane, or 
the slit for which it does not have preferential wettability, breakthrough will occur and the 
phases are not fully separated [21, 22, 26, 27]. Membranes are held by micro devices (as 
shown schematically in figure 2.6) the design of the micro device is very important. If e.g. 
the channels are too deep, the phase that is supposed to flow through the membrane will 
not have proper contact with the membrane and will be entrained by the retentate. 

Figure 2.6: Schematic view of a membrane [21].

A slit separator was developed by Gaakeer et al. [26] that uses glass and teflon bars 
with stainless steel spacers, these bars and spacers make it possible to vary the height of 
the slit from 0.1 to 2.0 mm this makes it suitable for a wide range of systems and flow rates. 
Figure 2.7 shows a schematic view of the slit separator, the flow divider at the top of the 
devices flattens the velocity profile for better separation.

Figure 2.7: Schematic view of slit separator device [26].
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hydrodynamic pressure drop and capillary pressure forces. A

microdevice with a PTFE membrane sandwiched between

microchannels illustrates the capillary pressure-induced phase

separation behaviour for a hexane–isopropanol–water system.

Next, we demonstrate a silicon based microfluidic solvent

extraction device that integrates mixing and phase separation

processes. An integrated design decreases the number of device–

device fluid connections, reducing dead volumes at the expense

of increased microfabrication complexity. Chemical separations

benefit from the integration of mixing and separating as the same

steps are used in most chemical extraction processes. Mass

transfer rates are similar for small molecules and chemical

compatibility is achieved by using glass and silicon as the

materials of construction. The integrated devices are realized by

using silicon micromachining and modeling serves to establish

operating limits. We demonstrate that the device is capable of

completely separating several organic–aqueous and fluorous–

aqueous liquid–liquid systems, even with high fractions of

partially miscible compounds. In each case, extraction is

equivalent to one equilibrium extraction stage.

Experimental

Two devices were fabricated, one to explore the phase

separation principle (Fig. 1) and the other to examine the

phase separation combined with mixing and extraction (Fig. 2).

The proof of principle device was fabricated in polycarbonate

and the integrated extraction device was microfabricated in

silicon.

Proof of principle polycarbonate device

Standard machining techniques were employed to fabricate

0.5 6 0.5 6 20 mm channels in two pieces of polycarbonate

(see Fig. 1). Inlets and outlets were 0.5 mm holes drilled

directly into the channels, and J0–28 screws with 1/160 Tefzel

tubing (Upchurch Scientific; Oak Harbor, WA) were used for

fluid connections. Tubing sizes ranged from 250–1000 mm ID

and 10–30 mm long. Typically, 250 mm ID 6 210 mm long

tubing was used on the aqueous outlet, while 500 mm ID tubing

6 210 mm long was used on the organic/fluorous side. A piece

of Zefluor membrane (y7 6 30 mm from 47 mm disk and

separated from the support, Pall Company; East Hills, NY)

was placed between the two pieces to divide the channels, and

compressed using 10 1/160 cap screws.

Flow rates of organic and aqueous solutions were varied

between 10 and 2000 ml min21. Hamilton Gastight Syringes

(Reno, NV) of 1, 5, and 10 mL volumes were used, and PTFE

tubing was connected using Luer fittings (Upchurch

Scientific). Hexane (VWR Scientific; West Chester, PA),

isopropanol (VWR Scientific), and DI water (from a Milli-Q

water system, 18.2 MV; Billerica, MA) were delivered by

syringe pump (Harvard Apparatus; Holliston, Massachusetts),

mixed and contacted using T-mixers (Upchurch Scientific),

and fed to the phase separator.

Fig. 1 Schematic (top) and photograph (bottom) of the proof of

principle membrane device fabricated in polycarbonate. The device

dimensions are 10 mm width, 50 mm length and 20 mm height. The

schematic shows a segmented flow of an aqueous solution (A)

dispersed in an organic phase (B). The organic phase wets the

hydrophobic membrane and is driven through the membrane pores by

the imposed pressure difference leaving the aqueous solution behind in

the top portion of the device.

Fig. 2 Schematic (top) and photograph (bottom) of the integrated

extractor device. Fluids A and B are mixed, then contacted with an

immiscible liquid C, where the partially miscible component A

partitions between B and C. Finally, the two phases are separated by

the membrane. The footprint of the device is 35 6 30 6 1.5 mm (W 6
L 6 H).

This journal is ! The Royal Society of Chemistry 2007 Lab Chip, 2007, 7, 256–263 | 257

Pu
bl

ish
ed

 o
n 

24
 O

ct
ob

er
 2

00
6.

 D
ow

nl
oa

de
d 

by
 T

EC
H

N
IS

CH
E 

U
N

IV
ER

SI
TE

IT
 E

IN
D

H
O

V
EN

 o
n 

11
/0

6/
20

13
 1

3:
00

:2
2.

 

View Article Online

10 
 

 
    Figure 2.8 Y-junction flow splitter separating aqueous phase (blue) and organic phase. 

 
Figure 2.9 Double slit shaped micro device 

Another separation method is using selectively permeable PTFE membrane. 
Hydrophobic properties of PTFE allows organic phase to pass through the membrane 
while retaining aqueous phase [4, 7]. Extraction using this method has also been 
coupled with reaction in previous study showing promising results both in chemical 
reaction yield and separation efficiency [6].  

2.3. Metal scavenging 

Metal containing catalysts in solution are employed extensively in production of 
intermediates and active pharmaceutical ingredients (API). However, strict specifications 
for low metal contents in the final product require efficient separations processes to 
remove dissolved metal from reaction mixtures. Copper for example have API limit as 
low as 15 ppm for orally administered drug substance [9].  

 



3. Experimental
To measure the extraction performance of the system two test systems as recommended by the 

European Federation of Chemical Engineering (EFCE) [28] were used and are stated in table 3.1. 
The two selected systems are used with a concentration of 10 wt% acetone based on previous 
studies [5, 19].

TABLE 3.1: MODEL SYSTEMS TO EVALUATE THE EXTRACTION PERFORMANCES OF THE CFI.

*Interfacial tension [29]

3.1. Used equipment
The setup used in the experiments is shown in figure 3.1. Two syringe pumps of type 

Chemyx Fusion 200 syringe infusion pumps. Three syringes are connected to a 1/8” outer 
diameter (OD) PFA tube with 1.55 mm inner diameter (ID). The tubes are connected to a 
union cross (1) (1/8”) where the aqueous phase enters from the side (and the organic 
phase enters in the centre (blue and clear liquid in fig 3.1 respectively). After the union 
cross the tube will extent to a PFA tube with 1/4” OD and 1/8” ID which was used in the 
coiled flow inverter (2). The PFA tube is coiled around a steel cylinder of 1” OD (resulting in 
a curvature ratio of 10) and has three 90° bends resulting in a total length of 2130 mm. 
Leaving the CFI the tube narrows to 1/16” OD and 400 μm ID which leads to the separation 
device (3), fig 2.7 shows a schematic view of the slit separator. To drain the slit separator 
two 1/16” OD and 400 μm ID PFA tubes are connected to the bottom of the device and lead 
to the waste collector, during running experiments no flow was observed in these tubes. 
The slit separator was compared to a membrane separator where a 44 mm x 14 mm 0.5 
μm Zefluor membrane, cut from a round 47 mm disk, was placed in a MMS-V3-sus micro 
reactor made by IMM (10 channels of LxWxD = 38 mm x 500 μm x 280 μm). 

Figure 3.1: Experimental setup used for flow map, performance characterization and separator 
performance.

Model 
systems

Raffinate 
phase

Component Extract phase Δσ* 
[mN/m] 

1 Water Acetone Toluene 17,8

2 Water Acetone n-Butyl-acetate 9,2

14

1

2

33

1. Union cross mixer
2. Coiled flow inverter
3. Separation device



For the comparison of the performance of the CFI with the straight tube the setup shown in 
figure 3.2 was used. The straight tube was put in one big coil since the size of 2130 mm made the 
setup too large to fit in the fume hood. It is assumed the coil is large enough to neglect the 
formation of Dean vortices and assume it can be . 

Figure 3.2 Experimental setup for comparison CFI with straight tube.

3.2. Flow map
The flow map was constructed using a (blue) colored aqueous phase and a clear 

organic phase to be able to distinguish the two phases. The aqueous phase was colored by 
dissolving 5 g/L stock solution methylene blue, made from solid methylene blue from Sigma 
Aldrich, into demineralized water until a light blue color was seen. The pictures at high flow 
rates (> 10 ml/min) were taken with a MotionPro X3 high speed camera with a Canon lens 
mounted. Acetone was left out of both systems, which influences the interfacial tension, 
how acetone influences the interfacial tension can be found in appendix ||

For the toluene test system (table 3.1) the pictures at low velocity are also taken with the 
high speed camera at the exit of the CFI. For test system two (table 3.1) the pictures at low 
flow rates are taken with a Canon EOS 400D SLR camera. These pictures are taken at the 
inlet of the CFI due to extraction of methylene blue by the butyl acetate which made it 
difficult do distinguish the organic and the aqueous phase. Setup as shown in figure 3.1 
was used for these experiments where the slit separator has a slit height of 0.4 mm.

3.3. Extraction performances
The extraction performances in terms of the extraction efficiency (calculated via 2) is 

studied as a function of the total flow rate and aqueous volume fraction at a fixed flow rate. 
The aqueous volume fraction is defined as the aqueous flow rate divided by the total flow 
rate. First the partition coefficient had to be determined as a function of the aqueous 
volume fraction, the method provided by the OECD guidelines for testing [29] was used.

(2) 

The concentration at the inlet is equal to 0 since no acetone is added to the organic 
phase in the beginning, the outlet concentration is measured using a GC-FID. Calibration 
curves of both test systems can be found in appendix |.

E )
C2,out - C2,in
C2,sat - C2,in
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2
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24.32 gram acetone (≥99.5% pure ACS reagent, Sigma Aldrich) was dissolved in 
demineralized water in a 250 ml volumetric flask, yielding a 10 wt% acetone solution. Two 
Terumo 20 ml syringes are filled with the solution and connected to the setup. One 50 ml 
HSW syringe is filled with clean organic phase (≥99.5% pure ACS reagent, Sigma Aldrich). 
The CFI is filled with the mixture at the experimental flow rate without the separator until the 
CFI is filled with slugs of equal length, i.e. a steady state is reached. As soon as the steady 
state is reached the slit separator is added with a slit height of 0.4 mm. The setup is 
allowed to reach a new steady state before an experiment can be started, this will generally 
up to two residence times. A sample can be taken as soon as the steady state is reached, 
two more samples are taken with one residence time in between samples. Samples are 
taken by holding a GC autosampler vial directly under the organic outlet. When 
breakthrough of the aqueous phase occurs it has to be made sure that there is no water in 
the sample vial. This can be done by emptying the organic outlet tube, now it will first fill 
with organic phase and takes some time before the aqueous phase comes out again.

3.4. Separator performances
To gain insight in the performance of the different separators a system of only 

demineralized water and toluene or butyl acetate was used. Important for the slit separator 
is to make sure it is level in all directions before starting an experiment,a digital spirit level 
was used to make sure the device was level. At low flow rates the setup was given the time 
to reach a steady state. Next the waste collection tubes were removed and at both outlets a 
measuring cylinder of 10 ml was put at the outlet to collect the samples. It was made sure 
that the switch took place when a slug of the opposite phase was exiting the separator so 
no chemicals were spilled.

At high flow rates this procedure was not possible due to the adhesive forces of the 
liquid, it was not possible to take samples without stopping the flow to change the tubes 
and thus disturb the steady state. A larger amount is collected and start-up effects cannot 
be neglected, this caused some extra breakthrough. These results are a little bit less 
reliable but give a very good indication of the performance of the slit separator. 

The slit separator was tested for a slit height of 0.4 mm and 0.8 mm. For the comparison 
with membrane separation a PTFE Zefluor membrane was used with average pore size of 
0.5 μm [21]. 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4. Results and Discussion
4.1. Partition coefficient

The partition coefficient at equilibrium was determined as a function of the aqueous 
volume fraction for both test systems in batch using the shake flask method (OECD [29]). 
Table 4.1 shows the comparison of the experimentally determined values with the literature 
values, as can be seen the experimental values agree with the values found in literature 
[28]. Results of the partition coefficient as function of the aqueous volume fraction can be 
found in figure 4.1.

TABLE 4.1: RESULTS FOR EXPERIMENTAL DETERMINED PARTITION COEFFICIENTS FOR BOTH 
SYSTEMS.

Figure 4.1: Experimental and literature partition coefficient. 

As can be seen the experimentally determined partition coefficient of the toluene-
acetone-water system has a slight experimental error, hence the wavy pattern. The trend 
however can clearly be seen, at low aqueous volume fractions the partition coefficient 
increases with increasing aqueous fractions. When the thermodynamic maximum is 
reached at an aqueous volume fraction of 0.5 the value remains constant at 0.86 ± 0.04 for 
the toluene system and 0.96 ± 0.02 was reached at an aq. volume fraction of 0.4 for the 
butyl acetate system. The increase in partition coefficient at low aqueous volume fractions 
can be explained by the large volume of the organic phase. The partition coefficient is 
calculated by dividing the weight fraction of acetone in the organic phase by the weight 
fraction of acetone in the aqueous phase. Due to the large volume of the organic phase the 
concentration acetone in the organic phase is lower, hence the lower partition coefficient.

The partition coefficient measured using the shake flask method is considered to be the 
thermodynamic equilibrium partition coefficient. Since these values are in line with literature 
sources the concentration measured in the organic phase is considered to be the 
equilibrium concentration. This value (as function of the aqueous volume fraction) can be 
found in figure 4.2 and is used in equation 2 to calculate the extraction efficiency.

Model systems Partition coefficient

Experiment Literature
1) Water-Acetone (10wt%)-Toluene 0.86 0.86
2) Water-Acetone (10wt%)-Butyl acetate 0.98 0.96
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Figure 4.2: Equilibrium concentration as function of the aqueous volume fraction.

Figure 4.2 also show the trend lines used to calculate the equilibrium concentration for 
every aqueous volume fraction. Table 4.2 shows their equations and accuracy. The 
concentrations were measured using GC-FID, the calibration curve can be found in 
appendix |.

TABLE 4.2: TREND LINE EQUATIONS FOR CALCULATION OF EQUILIBRIUM CONCENTRATION.

Toluene system Butyl acetate system

Linear model Linear model

     f(x) = p1*x + p2      f(x) = p1*x + p2

Coefficients: Coefficients:

       p1 =  1.724        p1 =  1.4733

       p2 =  0.0108        p2 =  0.0171

Goodness of fit: Goodness of fit:

  R-square: 0.9978   R-square: 0.9978
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4.2. Flow map
Flow maps were constructed for both test systems (table 3.1) to study the effect of the 

flow rate and flow rate ratio to the flow regime. Flow maps are only constructed for a 
maximum of 10 ml/min for each phase for the comparison with literature [8, 30]. In figures 
4.3 and 4.5 the blue round slugs are the aqueous phase and the clear continues phase is 
the organic phase. The organic phase has preferential wettability on the PFA tube this 
ensures the organic phase to be the continuous phase [6]. 

4.2.1. Water-Acetone-Toluene 
As can be seen in figure 4.3 the flow regime does not change with change in flow rate or 

change in aqueous fraction. The slug length however does change with change in 
volumetric flow rate. As expected the phase with the largest volume fraction (highest flow 
rate) has the largest slugs. Gravitational forces have got little to no influence to the 
formation of the flow profile, the Bond number is 0.66 which indicates surface tension 
forces dominate over gravitational forces.

Figure 4.3: Flow map of water-toluene system

Previous researchers [30] (dh = 0.5 mm) have found a decrease in slug length with 
aqueous fraction of 0.5 and an increasing total flow rate. The slug length in this research 
remains more constant this is most likely due to the much larger tube diameter of 3.2 mm. 
There was no difference in flow patterns observed between the inlet and the outlet of the 
CFI, there was no coalescence or breakage of the slugs.
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At even higher flow rates no other flows than slug flow where seen, however at a certain 
point the slugs are not uniform and flow in a irregular pattern (right in fig. 4.4). A deformed 
interface (approximately 1 cm in tube, left in fig 4.4) in the beginning of the CFI is causing 
this irregular flow profile. The flow rate is so high the viscous forces are having influence on 
the formation of the flow patterns is stead of the surface tension forces solely (Capillary 
number reaches 1・10-2). Deformed interface was never observed further down the CFI.

Figure 4.4: Flow profile at 90 ml/min total flow rate. Left: Directly after CFI inlet, Right: At CFI outlet 
tube.

Exploiting slug flow in flow rates which bridges lab to pilot scale, one ‘microfluidic’ flow 
pattern stays the same as a whole and if a proper setting is used even in it’s details makes 
it essentially almost an ideal situation.

4.2.2.Water-Acetone-Butyl acetate 
The results of the butyl acetate system are similar to those of the toluene system 

although the interfacial tension is much lower (see table 3.1). The difference occurs when 
the organic fraction is 0.6-0.83. At these fractions the flow changes from slug flow to slug-
drop flow or drop flow. The slug-drop flow in this case means that for several seconds there 
is slug flow which changes to drop flow, and after a few seconds back again to slug flow. It 
is not clear why these particular combinations of flow rates show unstable flow patterns. It 
looks like the liquid from the two sides gets ripped off before both sides have reached the 
centre of the tube, hence the irregularity in position with respect to the centre of the tube.

Figure 4.5: Flow map op n-butyl acetate-water system.
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When drop flow was observed it was seen that the aqueous drops accelerated under the 
influence of gravity. This can be explained using the Bond number, the extent to which the 
surface tension forces dominate the gravitational forces. Bo is 1.06 for the butyl acetate test 
system so the gravitational forces do have influence on the system. The capillary number is 
exceeds that of the toluene system, viscous forces will have more effect and dominate at 
lower flow rates for the butyl acetate system. However the flow rate at which this 
phenomenon will occur was not reached. 

4.3. Extraction performance as function of the total flow rate
The influence of the extraction efficiency was studied as a function of the total flow rate 

where the aqueous volume fraction was kept constant at 0.5. A comparison was made 
between the CFI and a straight tube of equal length and diameter. For determination of the 
concentration in the organic phase a GC-FID calibration curve was made and can be found 
in appendix |.

4.3.1.Toluene system 
Figure 4.6 shows the extraction efficiency of the toluene test system as a function of the 

total flow rate in comparison with the straight tube. A maximum of 120 ml/min was taken 
due to pump limitations.

 It can be seen that at flow rates below 10 ml/min (De = 25) the extraction efficiency 
increases from 80% to ~90% for both the CFI and the straight tube. This leads to the 
conclusion that the sole residence time (508 s for 2 ml/min, 8 s for 120 ml/min) has much 
less influence than the internal circulations and mixing within and between slugs. At flow 
rates above 30 ml/min (De = 77) the CFI shows an almost constant extraction efficiency of 
92% ± 4 percentage point (pp) even at flow rates up to 120 ml/min (7.2 l/h, 52 m3/a). The 
efficiency of the straight tube starts to decrease at flow rates above 30 ml/min and falls 
back to 75% ± 5 pp. The better performance of the CFI results from the Dean vortices and 
flow inversion which enhances the mixing and hence the mass transfer contact area and a 
more uniform concentration profile.

Figure 4.6: Extraction efficiency as a function of the total flow rate of the toluene test system as a 
function of the total flow rate with schematic view of flow pattern development in straight tube.

Whereas the CFI operates in the slug flow regime for all flow rates it was observed that 
for the straight tube also deformed interface at 30 ml/min and unstable parallel flow at 50 
ml/min (fig 4.7) were observed. The change in flow pattern occurs with increasing flow rate 
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which indicates that other forces start dominating over the surface tension forces [31]. The 
change in flow pattern causes a reduction of about 1.5 times the mass transfer area. 

Figure 4.7: Unstable parallel flow in straight tube, blue colored liquid is the aqueous phase.

4.3.2. n-Butyl-acetate system 
Similar experiments were carried out for test system 2 using butyl acetate, due to 

limitations of the separator these experiments were carried out with a maximum of 45 ml/
min (see section 4.5). 

It can be seen in figure 4.8 that the as well the CFI as the straight tube show the same 
trend as the toluene test system. The CFI performs better than the straight tube which was 
also expected (CFI 94% ± 2 pp, straight tube 74% ± 8 pp). Different from the toluene 
system is the flow rate at which the performance of the straight tube starts deviating from 
the CFI, at 10 ml/min (De = 24) the CFI shows a better performance of 15%. 

In figure 4.8 a schematic view is given of the flow pattern development within the straight 
tube. It clearly shows that the lower extraction efficiency is not solely caused by the 
difference in flow pattern. At low Dean numbers where the Dean vortices are not fully 
developed (fig. 2.5) the CFI performs better than the straight tube, resulting in the fact that 
the flow inversion must be causing the better performance.

Figure 4.8: Extraction efficiency as a function of the total flow rate of the butyl acetate test system 
as a function of the total flow rate with schematic view of flow pattern development in straight tube.  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4.4.Extraction performances as function of the aqueous volume fraction.
The extend to which the aqueous volume fraction effects the extraction efficiency and 

the acetone yield was studied for both test systems. The total flow rate was kept constant at 
20 ml/min for the toluene test system and, due to breakthrough of the aqueous phase in the 
slit separator (see section 4.5), at 10 ml/min for the butyl acetate system. The aqueous 
volume fraction was varied from 0.1 to 0.9, the results are shown below. It has to be noted 
that at these flow rates the difference between the CFI and the straight tube is rather small, 
at higher flow rates the effect of the aqueous volume fraction can be present

4.4.1. Toluene system 
Figure 4.9 shows the extraction efficiency as a function of the aqueous volume fraction 

at 20 ml/min (De = 51). The data in fig. 4.9 at a volume fraction of 0.5 correspond with the 
20 ml/min point in fig. 4.6 in section 4.3. 

The extraction efficiency decreases ~10 pp for the CFI with an increase in aqueous 
volume fraction. It can be concluded that the system has difficulties reaching the 
thermodynamic equilibrium when more aqueous phase is present. This can be explained by 
the length of the slugs (see flow map in fig. 4.1), a larger aqueous slug results in a low 
surface-to-volume ratio and a larger stagnant zone within the slug. The slow process of 
diffusion limits the system from reaching to equilibrium fast. The performance of the straight 
tube are similar to the performance of the CFI, it can be seen that at high aqueous fractions 
the CFI shows 10 pp better performance compared to the straight tube. Due to the lack of 
flow inversion and Dean vortices in the straight tube the stagnant zone within the large 
aqueous slugs will be larger compared to those within the CFI.

Figure 4.9: Extraction efficiency as a function of the aqueous volume fraction, total flow rate: 20 ml/
min.

Figure 4.10 shows the acetone yield which is defined as the moles acetone in the 
organic phase at the outlet divided by the moles that entered the setup in the aqueous 
phase. The yellow line shows the thermodynamic equilibrium measured using the shake 
flask method provided by [28], the dashed part of the yellow line is extrapolated and not 
verified with experiments. The extraction efficiency shows the difference between the 
yellow line and the measured points.
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As can be seen the aqueous volume fraction has a severe influence on the acetone 
yield. The amount of organic phase present to extract the acetone also decreases, at a 
certain point the toluene is saturated but due to the large excess of aqueous phase there is 
still a lot of acetone left to be extracted. Depending on the desired product the right 
aqueous volume fraction can be chosen and up to 80% of the original solute can be 
extracted. 

The points at an aqueous fraction of 0.1 appear to be above the thermodynamic 
equilibrium line, which is in reality impossible. The difference can arise from some 
experimental error in sampling the CFI and straight tube, second the concentrations 
measured are based on a fitted calibration curve with a small error. The ratio between the 
two points is correct (see also fig 4.9 above) the absolute value should be at/below the 
yellow line. 

Figure 4.10: Acetone yield as a function of the aqueous volume fraction, total flow rate: 20 ml/min.
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4.4.2. n-Butyl-acetate system 
The same experiments were carried out for the butyl acetate test system, however at a 

lower flow rate of 10 ml/min (De = 24) due to limitations of the slit separator. For the butyl 
acetate test system shows lower performance for low aqueous volume fractions. The 
extraction efficiency shows a maximum around an aq. vol. frac. of 0.5. The performance at 
high aq. vol. frac. remain above 90%. The straight tube shows a 10 pp less performance at 
aqueous fractions of 0.5 and up, the larger stagnant zone within the large aqueous slugs 
reduces the extraction performance.

Figure 4.11: Extraction efficiency as a function of the aqueous volume fraction, total flow rate: 10 
ml/min.

Figure 4.12 shows the acetone yield and the deviation from the thermodynamic 
equilibrium. The dashed parts of the yellow line are extrapolated and not experimentally 
verified. The thermodynamic yield for this system is at low aqueous fractions slightly higher 
(~10%) compared to the toluene test system. However due tot the lower interfacial tension 
and thus the lower efficiency the yield achievable is comparable to the previous system. 

Figure 4.12: Acetone yield as a function of the aqueous volume fraction, total flow rate: 10 ml/min.
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4.5. Separator performance
Two possible separators were tested: a slit separator which operates on basis of  

preferential wettability and a membrane. For the slit separator two configurations were 
used, a slit height of 0.4 mm and 0.8 mm the width and depth of the slit were kept constant. 
A breakthrough limit of 20% was set as the limit of operation, If the breakthrough was equal 
or below 20% it was possible to perform extraction performance experiments.

4.5.1. Toluene system 
Gaakeer et al. posted in his research [26] a rule of thumb for breakthrough in the slit 

separator, the capillary pressure should at least be twice as high as the hydraulic pressure 
in the opposite slit. Figure 4.13 shows this limit in a graphical representation. The orange 
line is the threshold given by Gaakeer et al., according to the figure breakthrough of the 
organic phase through the glass slit will occur at a slit flow rate of 30 ml/min (total flow rate 
60 ml/min). Increasing the slit height to 0.8 mm should overcome this problem, however it 
should be taken into account that the absolute capillary pressure is much lower at this slit 
height. 

Figure 4.13: Hydraulic and capillary pressures of slit separator with slit height 0.4 mm and 0.8 mm 
respectively according to [26].

4.5.1.1.Variation of total flow rate 
Figure 4.14 shows the aqueous and organic fraction at the glass and teflon outlet 

respectively of the slit separator with a slit height of 0.4 mm. It was expected from figure 
4.13 that the organic phase would breakthrough the glass slit first, however the opposite 
was observed. Breakthrough of water through the teflon slit occurred at a total flow rate of 
24 ml/min and raises to almost 20% for flow rates above 80 ml/min. Toluene starts breaking 
through at 28 ml/min and also raises to 20% of the glass outlet.  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Figure 4.14: Glass and teflon outlet respectively of slit separator with slit height 0.4 mm.

Below in figure 4.15 a slit height of 0.8 mm was used and although it was expected that 
less breakthrough would have been observed (based on fig. 4.13), however at lower flow 
rates than the 0.4 mm slit toluene and water start to breakthrough the glass and teflon slit 
respectively. The difference observed between the 0.4 and 0.8 mm slit can be explained by 
the absolute capillary pressure, at a slit height of 0.8 mm it is approximately half the value it 
is with a slit height of 0.4. This pressure is not high enough to block the liquid from flowing 
through the slit. 

Figure 4.15: Glass and teflon outlet respectively of slit separator with slit height 0.8 mm.

The membrane shows good performances at the permeate side, no water flows through 
the membrane, however at the retentate side 20% of the flow is organic phase at a flow 
rate of 6 ml/min. This probably due to the microchannels in the microreactor which are too 
deep and hence entrainment of the organic phase by the aqueous phase occurs. Another 
drawback of the membrane is the pressure drop over the membrane and the microchannel 
device, this resulted in pump failure at flow rates above 20 ml/min. There was no back 
pressure regulator installed nor was there a variation in pressure drop over the two outlets. 
Methods with different pressure drops at the outlets were tried to create better separation, 
however due to the pressure differences in combination with the slug flow pattern the flow 
within the CFI became discontinues. 
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 Figure 4.16: Retentate and permeate outlet respectively of membrane separator.

For the selection of the most ideal separator for this setup the main focus was on the 
organic side at a wide range of flow rates. Therefore the slit separator with slit height 0.4 
mm was chosen to work best for this test system. 

 Varying water volume fraction 

The slit separator was not tested before by Gaakeer et al. [26] on the influence of the 
aqueous volume fraction, i.e. with organic and aqueous slugs which are not of the same 
size. Therefore the separators were tested with the same settings as mentioned in section 
4.4. 

Figure 4.17 shows the fraction aqueous and organic phase coming out of the glass and 
teflon outlet respectively. It can be seen that at low aq. volume fractions a very small 
amount of toluene breaks through the glass slit. At larger aq. volume fractions however the 
aqueous phase breaks through the teflon slit and pollutes the organic phase, where 
10-20% of the outlet consist of aqueous phase. At an aqueous volume fraction of 0.1 the 
aqueous slugs are ~6 times larger than the organic slugs. In combination with the lower 
flow rate of the organic phase this results in less hydraulic pressure in the teflon slit and 
hence easier breakthrough of the aqueous phase through the teflon slit. The organic phase 
breaks through the glass slit at the same aq. volume fractions because it is dragged along 
with the aqueous phase. This phenomenon could be caused by the aqueous phase which 
remains in the teflon slit increasing the pressure which makes it more difficult for the 
organic phase to flow through the teflon slit.

Figure 4.17: Glass and teflon outlet respectively for a slit height of 0.4 mm 
total flow rate 20 ml/min.
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After the results from section 4.5.1.1 it is expected that increasing the slit height to 0.8 
mm will cause more liquid to breakthrough. Figure 4.18 shows the results and at high aq. 
volume fractions more aqueous phase breaks through the teflon slit compared tot the 0. 4 
mm. At an aq. volume fraction of 0.1 the same hydraulic pressure problem occurs as with 
the 0.4 mm slit at the glass slit, and hence 30% of the glass outlet consists of organic 
phase. At high aq. fractions the organic phase passes only through the teflon slit and is no 
longer dragged along through the glass slit.

Figure 4.18: Glass and teflon outlet respectively for a slit height of 0.8 mm 
total flow rate 20 ml/min.

For the membrane a lower total flow rate (10 ml/min) was used during these experiments 
due to pump limitations. It can be seen in figure 4.19 that there is no breakthrough of the 
aqueous phase through the membrane at any aq. volume fraction, however at low aq. 
volume fractions a large amount of organic material is lost at the retentate side. Even when 
90% of the system consists of aqueous phase 10% of the retentate outlet is still organic 
phase not passing the membrane and very hard to analyze. 

Figure 4.19: Retentate and permeate outlet respectively for 0.5 μm Zefluor membrane 
total flow rate 10 ml/min.
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4.5.2. n-Butyl-acetate system 
The interfacial tension has a major role in the use of the slit separator, it is one of the 

parameters which dictate the capillary pressure. Using the butyl acetate test system which 
has a much lower interfacial tension compared to the toluene test system will cause the 
operating threshold in figure 4.20 to lower down. Hence the expected maximum flow rate 
for good separation is set to ~15 ml/min (30 ml/min total) for a slit height of 0.4 mm. 
Theoretically increasing the slit height to 0.8 mm will create stable separation at higher flow 
rates. However in the previous section it was found that the absolute capillary and hydraulic 
pressure need to be sufficiently high to assure good separation. Where the capillary 
pressure for this test system in the 0.4 mm slit is 47.8 Pa the threshold for the toluene 
system was 46.0 Pa at the same slit height, it is expected that the slit separator shows bad 
separation for this test system.

Figure 4.20: Theoretical performance of slit separator with slit height 0.4 mm and 0.8 mm 
respectively according to [26].

4.5.2.1.Variation of total flow rate 
The experiments in the section above were repeated for the butyl acetate test system. 

The lower interfacial tension was expected to cause more difficulties in using the slit 
separator, as can be seen in figure 4.21 this hypothesis was confirmed. Breakthrough of up 
to 40% on both sides occurred at flow rates above 32 ml/min which made it hard to do 
extraction performance tests with the setup. The large breakthrough can be accounted to 
the crossing of the threshold capillary pressure. The breakthrough at lower flow rates 
indicate that the principle of separation on basis of preferential wettability is difficult for 
systems with low interfacial tension, most likely because the capillary pressure is too low. 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Figure 4.21: Glass and teflon outlet respectively for slit separator with slit height 0.4 mm.

Based on the results seen with the toluene system it was expected that increasing the 
slit height to 0.8 mm would cause both phases to breakthrough more easily. Figure 4.22 
shows the results of these experiments and it can be seen that 40% breakthrough at both 
sides is occurring at flow rates of 10 ml/min. However at higher flow rates (25-30 ml/min) 
the 0.8 mm slit seems to perform better at the teflon side and a decrease in breakthrough 
was also observed at the glass outlet. However due to the large amount of breakthrough at 
low flow rates the slit height of 0.8 mm was not used during other experiments.

Figure 4.22: Glass and teflon outlet respectively for slit separator with slit height 0.8 mm.

The influence of the lower interfacial tension does not provide much benefits nor 
disadvantages when using the membrane as separator. Comparing fig 4.19 and fig 4.23 it 
can be seen that both figures show similar behavior. There is 10% more breakthrough at 
the retentate side using the butyl acetate system. When adding back pressure regulators to 
improve separation the same discontinuous flow was observed as before.

Figure 4.23: Retentate and permeate outlet respectively for 0.5 μm Zefluor membrane
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 Varying water volume fraction 

The variation in slug length with unequal organic and aqueous slugs has a larger 
influence on the system with lower interfacial tension. It can be seen in figure 4.24 that 20% 
breakthrough of the aqueous phase already occurs through the teflon slit at an aq. volume 
fraction of 0.5. Increasing the aq. volume fraction does not have an significant influence tot 
the breakthrough. At the glass slit breakthrough occurs for very large organic fractions and 
with increasing aq. volume fraction the butyl acetate is pushed through the glass slit by the 
hydraulic pressure caused by the aqueous phase in the teflon slit.

Figure 4.24: Glass and teflon outlet respectively for a slit height of 0.4 mm 
total flow rate 10 ml/min.

Increasing the slit height to 0.8 mm decreases the performance of the separator as a 
function of the aq. volume fraction severely. Breakthrough of up to 80% occurs at almost all 
aq. volume fractions remarkable is the good separation at an aq. volume fraction of 0.9. 
Following the trend at the teflon outlet, and looking to the results of the toluene system it 
was expected that an aq. volume fraction of 0.9 would have given the largest breakthrough 
of up to 50% for the teflon slit. Since this is not the case it is expected there was an error 
made during the experiments, it could be that the separator was not fully level when the 
experiment was conducted this has influence on the performance. 

Figure 4.25: Glass and teflon outlet respectively for a slit height of 0.8 mm 
total flow rate 10 ml/min.
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Figure 4.26 shows the effect of the aqueous volume fraction in separation performance 
of the membrane separator. It can be seen that entrainment of the organic phase is more at 
low aq. vol. fractions. Compared to the toluene test system the amount of organic 
entrainment is similar. 

Figure 4.26: Retentate and permeate respectively for the membrane separator 
total flow rate 10 ml/min.

It can be concluded from the above results that the slit separator with a slit height of 0.4 mm 
shows the best performance. Flow rates of up to 32 ml/min can be achieved with acceptable 
separation. The design of the membrane separator can be adjusted in further research to improve 
the performance. If a very pure organic phase is needed the membrane separator is a good 
alternative and can be of good use at high aqueous volume fraction.
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5. Summary, Conclusion and Further studies
5.1. Conclusions

Summary and conclusions from this study are:
• A setup was designed to use a coiled flow inverter with online phase separation.
• The CFI used in this study only operates in the slug flow regime, where the slug 

lengths remains constant for aqueous volume fractions of 0.5. 
• Slug length is mainly influenced by the variation in volume fraction of the two phases, 

not the total flow rate.
• The straight tube operates in the slug flow regime for lower flow rates, but in the 

parallel flow regime for higher flow rates. 
• Systems with high interfacial tension can successfully separated with a maximum 

breakthrough of 20% up to flow rates of 120 ml/min using a slit separator with a slit 
height of 0.4mm. However the separator is limited in using systems with low interfacial 
tension.

• At lab scale production volumes the membrane works with a clean permeate phase, 
improper separator design causes some organic phase to be entrained to the 
retentate.

• The CFI shows extraction performance close (95%) to the thermodynamic equilibrium.
• Successful scale up of the coiled flow inverter was achieved up to flow rates of 120 ml/

min (7.2 l/h, 52 m3/a). With an aqueous volume ratio of 0.5 and 10wt% acetone load 
the production capacity is over 1 t/a acetone yield.

• For systems with high interfacial tension the CFI shows up to ~23% better extraction 
performances compared to a straight tube, However only for flow rates above 30 ml/
min. For systems with low interfacial tension the advantages of the CFI can be 
exploited at flow rates starting at 10 ml/min and show up to ~26% better performance.

• At high aqueous volume fractions the CFI shows better extraction performances of 
~10%.

5.2. Further studies
Due to time limitations there are some experiments left to be done to complete the 

picture.
• Further experiments using a helical coil, operated in straight manner with no flow 

inversions, to compare with the results of the CFI.
• Study a better engineered membrane separator e.g. hollow fiber membranes for good 

comparison with the slit separator and extend the possibilities of the setup, e.g. 
systems with low interfacial tension. 

• Determine where the difference in flow pattern between CFI and straight tube 
originates from.

• Explore the upper flow rate threshold for which gravity dominates and no slug flow is 
stable anymore, i.e. further scale up to pilot plant scales (10-100 l/h) using e.g. larger 
inner diameter. 

• Test the setup for an industrial application and test its workability in the process 
industry.

�34



6. Acknowledgements
The author would like to thank Iris Vural-Gürsel for the daily supervision, all the help time and 

effort she put into this research. Volker Hessel for creating the opportunity to do this research in his 
group and the scientific input he provided to improve the research. Timothy Noël and Qi Wang for 
their input and monitoring of the process. Yuanhai Su and Faust Galluci for taking the time to read 
the report and be part of the defense committee. The SCR and SCR-SFP group for their moral 
support, fun and help during the time of this research. 

This research is performed in corporation with Prof. K.D.P. Nigam and affiliation form Indian 
Institute of technology Delhi in New Delhi.  

�35



7. Bibliography
1. Hessel, V., Kralisch, Dana, Kockmann, Norbert, Noël, Timothy, Wang, Qi, Novel Process       

Windows for Enabling Accelerating and Uplifting Flow Chemistry. ChemSusChem, 2013. 6: 
p. 746-789.

2. Kenig, E.Y., Su, Yuanhai, Lautenschleger, Anna, Chasanis, Paris, Grünewald, Marcus, Micro-      
separation of fluid systems: A state-of-the-art review. Separation and Purification 
technology, 2013. 120: p. 245-264.

3. Hessel, V., Noël, T, Micro process Technology, 2. Processing, in Ullmann's Encyclopedia of       
industrial chemistry. 2012, Wiley-VCH Verlag GmbH & Co. KGaA: Weinheim. p. 11-30.

4. Assmann, N., Ładosz, Agnieszka, von Rohr, Philipp Rudolf, Continuous Micro Liquid-Liquid       
Extration. Chemical Engineering & Technology, 2013. 36(6): p. 921-936.

5. Aldiansyah, F., Continuous metal scavenging with a flow liquid-liquid extraction unit. 2014,       
Technische Universiteit Eindhoven.

6. Okubo, Y., Toma, Masaaki, Ueda, Hiroshi, Maki, T., Mae, K., Microchannel devices for the       
coalescence of dispersed droplets produced for use in rapid extraction processes. 
Chemical Engineering Journal, 2004. 101: p. 39-48.

7. Löb, P., Penneman, H., Hessel, V., Men, Y., Impact of fluid path geometry and operating       
parameters on l/l-dispersion in interdigital micromixers. Chemical Engineering Science, 
2006. 61: p. 2959-2967.

8. Kashid, M.N., Renken, Albert, and Liouboc, Kiwi-Minsker, Influence of Flow Regime on Mass       
Transfer in Different Types of Microchannels. Industrial & Engineering Chemistry Research, 
2011. 50: p. 6906-6914.

9. Hessel, V., Hardt, S., Löwe, H., Chemical Micro Process Engineering: Fundamentals,       
Modelling and Reactions. 2004: WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim.

10. Angeli, P., Gavriilidis, Asterios, Taylor Flow in Microchanels, in Encyclopedia of Microfluidics     
and Nanofluidics, D. Li, Editor. 2012, Springer-Verlag Berlin Heidelberg 2012. p. 1-8.

11. Kashid, M.N., Harshe, Y.M., Agar, David W., Liquid-Liquid Slug Flow in a Capillary: An     
Alternative to Suspended Drop of Film Contactors. Industrial & Engineering Chemistry 
Research, 2007. 46: p. 8420-8430.

12. Hessel, V., Löwe, H., Schönfeld, Friedhelm, Micromixers-a review on passive and active     
mixing principles. Chemical Engineering Science, 2006. 60: p. 2479-2501.

13. Monisha, M., Nigam, K.D.P., Coiled flow inverter as an inline mixer. Chemical Engineering     
Science, 2008. 63(6): p. 1724-1732.

14. Mandal, M.M., Aggarwal, Palka and Nigam, K. D. P., Liquid-Liquid Mixing in Coiled Flow     
Inverter. Industrial & Engineering Chemistry Research, 2011. 50: p. 13230-13235.

15. Vashisht, S., Nigam, K.D.P., Liquid-Phase Residence Time Distribution fot Two-Phase Flow in     
Coiled Flow Inverter. Industrial & Engineering Chemistry Research, 2008. 47: p. 3630-3638.

16. Nguyen, N.-T., Micromixers based on chaotic advection, in Micromixers. 2012, Elsevier inc.     
p. 195-238.

�36



17. Sing, J., Kockmann, Norbert, Nigam, K.D.P., Novel Three-Dimensional Microfluidic Device for     
Process Intensification. Chemical Engineering and Processing: Process Intensification, 
2014. 86: p. 78-89.

18. Aota, A., Nonaka, Masaki, Hibara, Akihide, Kitamori, Takehiko, Countercurrent Laminar     
Microflow for High Efficient Solvent Extraction. Angewante Chemie, 2007. 119: p. 868-898.

19. Benz, K., Jäckel, Klaus-Peter, Regenauer, Klaus-Jürgen, Schiewe, Jörg, Drese, Klaus,     
Ehrfeld, Wolfgang, Hessel, Volker, Löwe, Holger, Utilization of Micromixers for Extraction 
Processes. Chemical Engineering & Technology, 2001. 24: p. 11-17.

20. Cai, Z.-X., Fang, Qun, Chen, Heng-Wu, Fang, Zhao-Lun, A microfluidic chip based liquid–    
liquid extraction system with microporous membrane. Analytica Chimica Acta, 2006. 556: p. 
151-156.

21. Kralj, J.G., Sahoo, Hemantkumar R., Jensen, Klavs F., Integrated continuous microfluidic     
liquid–liquid extraction. Lab-on-a-Chip, 2007. 7: p. 256-263.

22. Adamo, A., Heider, Patrick L., Weeranoppanant, Nopphon, and Jensen, Klavs F., Membrane-    
Based, Liquid−Liquid Separator with Integrated Pressure Control. Industrial & Engineering 
Chemistry Research, 2013. 52: p. 10802-10808.

23. Okubo, Y., Maki, T., Aoki, N, Khoo, T.H., Ohmukai, Y., Mae, K., Liquid–liquid extraction for     
efficient synthesis and separation by utilizing micro spaces. Chemical Engineering Science, 
2008. 63: p. 4070-4077.

24. Jovanovic, J., Rebrov, Evengy V., Nijhuis, T.A., Kreutzer, M.T., Hessel, Volker, Schouten,     
Jaap C., Liquid-Liquid flow in a Capillary Microreactor: Hydrodynamic Flow Patterns and 
Extraction Performance. Industrial & Engineering Chemistry Research, 2012. 51: p. 
1015-1026.

25. Seader, J.D.m.H., E.J., Roper, D.K., Separation Process Principles. 3 ed. 2011: John Wiley &     
Sons, Inc.

26. Gaakeer, W.A., de Croon, M.H.J.M., van der Schaaf, J., Schouten, J.C., Liquid-liquid slug     
flow separation in a slit shaped micro device. Chemical Engineering Journal, 2012. 
207-208: p. 440-444.

27. Cervera-Pardell, A.E., Morthensen, Sofie T., Lewandowski J., Skovby, T., Kiil, Søren,     
Gernaey, Krist V., Continuous Hydrolysis and Liquid−Liquid Phase Separation of an Active 
Pharmaceutical Ingredient Intermediate Using a Miniscale Hydrophobic Membrane 
Separator. Organic Process Research & Development, 2012. 16: p. 888-900.

28. European, Federation of Chemical Engineering, Standard Test Systems for Liquid Extraction.     
Second ed. 1985, Warwickshire: The Institution of Chemical Engineers.

29. OECD, OECD GUIDELINE FOR THE TESTING OF CHEMICALS, in Partition Coefficient (n-    
octanol/water): Shake Flask Method. 1995. p. 1-4.

30. Dessimoz, A.-L., Cavin, Laurent, Renken, Albert, Liquid–liquid two-phase flow patterns and     
mass transfer characteristics in rectangular glass microreactors. Chemical Engineering 
Science, 2008. 63: p. 4035-4044.

31. Rebrov, E.V., Two-Phase Flow Regimes in Microchanels. Theoretical Foundations of     
Chemical Engineering, 2010. 44(4): p. 355-367.

�37



Appendix
Appendix |: Calibration curves

To determine the calibration curve for the two systems, known amounts of acetone were 
dissolved in the desired organic phase and put into the GC. The area of the acetone peak was 
then divided by the area of the organic phase peak, this is plotted on the x-axis in figure |.1. Next 
the calibration curves were fitted using excel. The accuracy of both curves shown with R2 is close 
to one, the points that are not exactly on the line are distributed above and below. These two 
parameters show that the calibration curve is accurate and no standard error is made, therefore 
these two curves are used.

Figure |.1: Left calibration curve toluene system, right calibration curve butyl acetate system.
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Appendix ||: Interfacial tension

Figure ||.1: Interfacial tension curves as function of acetone mass fraction. Blue: Butyl acetate 
system, Green: Toluene system. [28]
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