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Abstract 
As the fossil fuel reserves are declining and the world energy demand is increasing new energy sources 

have to be found. Biomass is a promising alternative as it is CO2 neutral and the reserve is infinite. 

Biomass can be gasified to deliver energy or energy containing compounds like syngas. Biomass 

gasification is mostly done in a fluidized bed and recently research has explored the use of a dual 

fluidized bed with a circulation solid. In the gasification zone biomass is gasified. Remaining char and 

tar can be burned in a combustor. This heats up the solid material to deliver heat in the gasifier. Bed 

materials can be added to the solids bed to catalyze reactions and carry oxygen. The most used 

catalysts are dolomite and olivine. 

To gain more insight in the effect of an catalytic material or oxygen carrier in a dual fluidized bed a 

model was developed in Aspen Plus. First an equilibrium model was made. This was then extended 

with kinetics. As a basis the TNEE and FERCO models were used. Another model was available for these 

models, so it will be used as a first step to go to the MILENA reactor of which more data is available.  

The results showed that the equilibrium model is not suitable for predicting biomass gasification as all 

hydrocarbons were oxidized in equilibrium. In this way tar concentration is too low and the syngas is 

converted to water and carbon dioxide. The addition of an oxygen carrier increased the oxidation 

further, but lowered the heat duty of the reactor. 

The results of the kinetic model showed good agreement with the reference model for the two 

reactors, but the conversion in the secondary reaction zone was too low for hydrogen and carbon 

monoxide. Splitting the freeboard in five different sections did not improve the results. Recycling of 

the unconverted tar significantly reduced the heat requirement in the combustor. The FERCO model 

showed higher H2 and CO concentrations. The main difference between the models is the pyrolysis 

temperature and the solids circulation which allows more char to be converted in the FERCO model. 

The next step was to include kinetics of an oxygen carrier to the model. These were not found in 

literature for biomass gasification. Therefor experiments in the TGA were done to gain insight in the 

reaction of ilmenite with tar. Ilmenite was used as a first step in the modelling, because some 

knowledge is available from chemical looping combustion for reactions with the main gas 

components. Toluene was used as a tar model compound. The results were described with a shrinking 

core model. The ilmenite reactions were added to the model via a CSTR model in excel that was 

coupled with Aspen. 

Toluene reacted fast with ilmenite in the TGA. These results in the model showed however that the 

toluene conversion with ilmenite was very low. Syngas concentration dropped with addition of 

ilmenite. Also the heat requirement dropped making it possible to achieve autothermal operation 

with the right conditions. 

Literature showed that olivine and dolomite greatly reduce tar concentration and increase syngas 

concentration. In the simulations ilmenite does not show these effects, so further research is 

necessary to investigate the effect of other bed materials and to improve the model.  
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1 Introduction 

1.1 Energy 

In today’s world energy plays a critical role. Without it, we could not live as we do today. However, in 

the past years gigantic use of energy also brought forth some drawbacks and limitations. One of the 

most important problems that has to be addressed is the declining availability of the most used energy 

sources. These include oil, gas and coal. The world consumption of these so called fossil fuels is still 

increasing as the reserves are declining [1]. In order to assure the availability of energy in the future, 

alternative energy sources have to be found. 

Another major problem of the current energy production is the production of CO2 in almost all 

processes. CO2 is a greenhouse gas and therefore contributes to global warming. In order to reduce 

the CO2 production the Kyoto Protocol was made in 1998, which includes a great reduction in 

greenhouse gas emissions by the participating countries [2]. In order to comply with the protocol it is 

necessary to greatly reduce the CO2 emission owing to energy production. 

1.2 Biomass as an energy source 

There is not one solution to fully address the problems related to energy production mentioned above. 

Alternative energy sources as solar, nuclear and biomass energy will have to contribute to the 

replacement of fossil fuels, preferably with a lower CO2 emission. Biomass is already considered as a 

CO2 neutral energy source as all the CO2 it emits during energy production is taken from the 

atmosphere during growth. The use of biomass however, also has to deal with a negative image, 

because it competes with food production and space for nature. Therefore it is necessary to find a 

process which can use biomass and does not suffer from these drawbacks. 

1.3 CO2 capture 

In order to reduce the emitted CO2 even further CO2 Capture and Storage (CCS) could play an 

important role. This is important because it is not possible to substitute the use of all fossil fuels with 

alternatives in the coming years. According to the IPCC and the IEA CCS could contribute significantly 

to the reduction of greenhouse gas emissions [3] [4]. The purpose of CCS is to capture CO2 while 

producing energy, transport it and store it underground (sequestration). 

Until now a few alternatives of CO2 capture are being used like post-combustion and oxy-fuel-

combustion. As these methods have a high energy penalty, methods are being investigated for 

capturing CO2 at a lower energy cost. An overview of these methods can be found in the work of 

Adanez et all [5]. One of promising techniques is chemical looping. In chemical looping the production 

of energy takes place in two different reactors, so that the produced CO2 is not diluted by the air 

needed for combustion or reforming. This technique could make the use of biomass as an energy 

source especially interesting as it is already CO2 neutral. With the inclusion of an chemical looping 

system the CO2 balance for biomass could become negative. 

  



 

  



 

2 Biomass gasification 

2.1 Types of gasification 
One of the processes which can be used to use biomass as an energy source, is gasification. With 

gasification fuel gas or synthesis gas is produced by partially oxidizing the biomass. Moving bed 

gasifiers have been explored, but due to high tar yields in the product gas and local slugging problems, 

they are unsuitable for larger installations [6] [7]. Fluidized beds are now used in different biomass 

gasification applications [8] [9] [10]. Three sorts of fluidized beds can be distinguished for biomass 

gasification: bubbling fluidized beds (BFB), circulating fluidized beds (CFB) and Indirect twin bed 

concepts. A schematic overview of the three types of reactors is given in figure 2-1. 

 

Figure 2-1: Schematic picture of a bubbling, circulating and indirect fluidized bed. Picture taken from van der Meijden [11] 

In a BFB the biomass is fed into the fluidized bed, which is fluidized by air or an oxygen steam mixture. 

Part of the biomass is combusted to provide the necessary heat for the gasification. This type of bed 

can only be used with low fluidization velocities. For higher velocities a CFB is needed. In this type of 

bed, the entrained bed material is separated from the gas together with remaining char and recycled 

to the bottom of the reactor. 

In an indirect gasifier the devolatilization of the biomass and the combustion of the remaining char 

are separated. In the first reactor the biomass is gasified. The produced char and some bed material 

are transported to a second reactor (combustor) in which the char is burned. The bed material is then 

transported back to the gasifier. The required heat for the gasification is supplied by the bed material 

which is heated in the combustor. By separating these two steps the producer gas is not diluted with 

CO2 and N2. This also increases the heating value of the producer gas [11]. 

  



 

2.2 MILENA reactor 
At the Energy research Center of the Netherlands an indirect process for the gasification of biomass 

was developed called MILENA [11]. A schematic overview of the MILENA reactor is given in figure 2-2.  

 

Figure 2-2: Schematic overview of the MILENA reactor developed by ECN. Picture taken from van der Meijden [11]. 

In the middle of the reactor a riser is present which is the biomass gasifier. Together with biomass, 

steam is entered as the fluidization gas. Opposite of the biomass the bed material is fed. Typically this 

is sand or olivine. In the riser the biomass devolatizes producing gas, tar and char. These enter the 

settling chamber. Here the producer gas leaves the reactor, while the char and bed material enter the 

downcomer. The downcomer leads to the combustion section. In this section air is fed to burn the 

char. Due to this combustion the bed material heats up to 925⁰C before it re-enters the riser. A 

secondery air inlet is placed above the fluidized bed to assure complete char combustion. The flue gas 

then leaves the reactor. 

ECN successfully built a 30 kW lab scale MILENA reactor in 2004 and a 800 kW pilot plant in 2008. To 

remove tar from the producer gas their own developed OLGA gas cleaning system is used. As a bed 

material they use both quartz sand and olivine [11]. 

  



 

2.3 FERCO and TNEE gasifiers 
Two other biomass gasification technologies are the TNEE and the FERCO gasifiers. These gasifiers 

will be used throughout the project, because they have been used by other researchers to make a 

biomass gasification model [12]. 

The TNEE gasifier was developed by the TNEE company and Nancy and Compiègne Universities. This 

gasfier also consist of two parts, but here the gasifier is a bubbling fluidized bed, while the 

combustor is a high velocity riser. The fluidization gas is not steam but 14% of the producer gas is 

recycled and used for fluidization. Furthermore, the fluidized bed operates at a relatively low 

temperature of 760°C. The solid material goes from the dense phase to the combustor, where char is 

burned. The hot solids then are fed to the gasifier from the top of the reactor. Due to this, the 

freeboard has a higher temperature than the dense bed. Approximately 5% of the char is entrained 

from the dense bed to the freeboard. 

The FERCO reactor consists of two high velocity risers. The gasifier operates at 870°C. So the 

gasification part is comparable with the MILENA gasifier. The fluidization gas is steam and the solids 

are fed to the bottom of the riser [13]. 

2.4 Tar and char 
In a biomass gasifier the biomass is not completely decomposed. Therefore char is produced next to 

the product gas. The char however is solid and can thus easily be separated and combusted supplying 

the heat needed for the gasification. The product gas stream consists of CO, CO2, H2O, H2 and different 

hydrocarbons. The lower hydrocarbons like methane can be used to produce substitute natural gas or 

to produce energy. All hydrocarbons with a molecular weight higher than benzene are called tar [14]. 

Tars can cause fouling of downstream equipment and are therefore unwanted. But they are 

nevertheless produced in the gasification process. Cleaning equipment has to be used to separate the 

tar from the producer gas. 

Tar can cause fouling if it condenses inside the equipment, hence the type of tars is more important 

than the total concentration, as the type determines the dew point of the tars. ECN made a 

classification of tars based on the physical properties, in which the dew point plays an important role 

[11]. Class 1 consists of very heavy tars, which condense at high temperatures for low concentrations. 

They are GC undetectable. Class 2 consists of heterocyclic compounds, which have a high water 

solubility. Class 3 includes light aromatic compounds. Class 4 consists of light poly-aromatic 

compounds, which condense at intermediate temperature and high concentration. The heavy poly-

aromatic compounds are in class 5. They condense at high temperatures and low concentrations. 

2.5 Tar removal 
Different ways of getting rid of tar in the producer gas have been reported. In the MILENA process 

developed by ECN the OLGA gas cleaning system is used [11]. This system consist of three parts. First 

the heavy tars are removed by contact with a cool scrubbing oil. The light tars are removed in the 

absorber. In the last stage, the stripper, the absorbant is regenerated with air or steam. Another way 

of removing tar from the producer gas is the use of catalyst. The advantage of these catalyst is that 

they could be used inside the gasifier as bed material. In this way less or no cleaning downstream 

could be necessary. 



 

The most studied catalysts are dolomites and related materials [15] [16] [17]. They are cheap and tend 

to lower the total tar concentration by 95%, but it is hard to get the concentration lower than 500-

1000 mg/m3. Also the tar composition changes, because the catalyst more easily destroys the soft 

tars. [17] [18]. Because the dolomite is quite porous it suffers from attrition phenomena, which could 

cause problems in running the fluidized bed. Dolomite works better if used in a downstream gas 

cleaner and this is often preferred [19].  Olivine is also studied as a tar cracking catalyst. It’s catalytic 

properties are similar to those of dolomite, but the activity only reaches that of dolomite at 900⁰C 

[14]. An advantage of olivine is the high mechanical strength and it’s resistance to attrition compared 

to dolomite. It’s strength is comparable to that of sand, which makes it more suitable as a bed material 

for fluidized beds than dolomite [20] [21]. 

Clay minerals like kaolinite, montmorillonite and illite could also be used as a catalyst for tar removal. 

This is due to acidic sites inside the pores [22]. The clay materials are cheap and can be disposed after 

a simple treatment, but the catalytic activity is less than dolomite and most of the clay minerals cannot 

withstand the high temperature needed for gasification, because they lose their pore structure [21]. 

Certain ferrous materials also show catalytic activity towards tar decomposition. The activity of some 

ferrous materials was tested, but these were found to be lower than those of dolomite and quickly 

deactivated in the absence of hydrogen [23]. 

Char is a non-metallic catalyst for tar decomposition. Char is attractive as a catalyst as it is already 

present in the gasifier. It is produced by the gasification of the biomass. However, the char itself can 

also be gasified. To have enough char for tar decomposition an external feed is needed. Also different 

compositions of char and other catalysts like dolomite were investigated [24]. Zeolites are a well-

known catalyst for hydrocarbon cracking and can also be used to reduce tar concentrations. The 

advantage of zeolites is that they have a high activity. A disadvantage is the rapid deactivation of 

zeolite catalyst due to coke formation. The activity of zeolites is related to their large surface areas, 

pore diameters and high densities of acidic sites [24]. 

Alkali metals could also be used as a catalyst. K and Na are naturally present in biomass and remain in 

the ashes after gasification. These ashes could be used as a catalyst. The alkali metals can also be used 

directly, as carbonates or supported on other materials. They are good catalysts for coal gasification, 

but suffer from deactivation at higher temperatures due to sintering and reactions with mineral 

matters in the char [25]. Another suitable catalyst is activated alumina. It is almost as effective as the 

use of dolomite, but it deactivates a lot faster due to coke formation [21]. 

The last catalyst mentioned in the review of Abu El-Rub et al. is the use of transition-metal based 

catalysts [21]. Of which nickel is the most investigated as it is less expensive than other transition 

metals. Nickel is highly active and with a nickel catalyst it is possible to remove tar almost completely 

(down to 1ppm). But due to high deactivation in high tar concentrations and attrition it is unsuitable 

for use inside the fluidized bed gasifier and can only be used in a downstream catalytic bed. Also the 

nickel based catalysts are quite expensive [8] [9] [26]. 

2.5.1 Oxygen Carriers 

In recent years a lot of work has been made to connect the knowledge from chemical looping 

combustion as used with coal and natural gas with the knowledge about biomass gasification. The use 

of an oxygen carrier as a bed material could greatly reduce the tar concentrations in the producer gas 

as the use of dolomite and olivine already showed [15] [16] [17] [18] [19] [20] [21]. Recently other 



 

oxygen carriers have been studied for the chemical looping combustion of biomass. These include 

oxides of Ni, Fe, Mn and Cu, but also mixtures of different metal oxide compounds like Mn and Fe and 

ilmenite. A recent review about these oxygen carriers is available [27]. Some of them seem promising, 

such as iron ore and ilmenite. These tests were done in combustion processes however. These 

processes differ as they are meant to combust the biomass instead of gasifying it. In our process not 

too much oxygen can be added. The energy value of the gas will lower if more oxygen is added than 

at the carbon boundary [28]. This boundary marks the quantity of oxygen added when full gasification 

takes place. In this case however, total gasification is unwanted as char is needed in the combustion 

section to heat up the bed material in order to maintain high temperatures in the gasification section. 

2.6 Models for biomass gasifiation 
In order to improve the gas composition of the indirect biomass gasifier, models could be useful. An 

extensive review on modeling of biomass gasification in fluidized beds has been written [29]. Three 

types of models are distinguished: computation fluid dynamics models (CFDM), fluidization models 

(FM) and black box models (BBM).  

The most detailed are the CFDM, but it requires a lot of computational time and the models become 

complex even for small systems. Some research has been done with CFDM on bubbling fluidized beds, 

but not on circulating fluidized beds and indirect gasifiers. 

In FM models, it is assumed that the fluidized bed consists of two phases, a bubble phase and an 

emulsion phase. Semi-empirical relations are used to solve these models, making them less complex 

than CFDM. FM models are widely studied for biomass gasification. Many of them are reported in [29]. 

Most of them are done in a bubbling or circulating fluidized bed. Only few have included in bed 

material for tar reduction [30]. But air is used as the gasification agent, which involves other reactions 

than with steam. It appears to be very difficult to validate these models, especially with industrial 

equipment. Also the tar submodels can be much improved. As tar is one of the key elements in this 

project, a good tar model will have to be used. 

BBM have been widely used for biomass gasification calculations, even for indirect gasifiers. BBM are 

the most simple models as they do not include the reactor dynamics. Mostly equilibrium or semi-

equilibrium equations are solved. This results in output compositions and reactor temperature. These 

models are good for predicting the process behavior for varying process conditions, but the use is 

limited, as the real process is highly determined by kinetics and reactor dynamics. Sometimes the 

models are corrected for experimental results. The agreement then becomes better, but only for the 

setup for which the empirical corrections are being made. 

It is also possible to add compounds as benzene or naphthalene as model compounds for tar. Some 

models have been made for an indirect gasifier [31]. Even with limestone as a catalyst for improved 

CO2 capture [32]. Recently a detailed model of an indirect biomass gasification process has been made 

with Aspen Plus [12]. In this study the Aspen model is supplemented by dedicated fortran files. 

Furthermore the model includes tar. The different tars are placed in 4 lumped tar compounds. Some 

calculated values have also been verified with two existing biomass technologies. 

 

  



 

  



 

3 Project outline 
The goal of this project is to develop a model for indirect biomass gasification including an oxygen 

carrier. Until now a lot of experimental work has been done on the gasification of biomass, but only 

little research includes the modeling of the gasification process. Most of the modeling done is about 

bubbling and circulating fluidized beds and only a minority is working on the indirect gasification with 

two fluidized beds. Furthermore a lot of experiments indicated that the use of a oxygen carrier can 

significantly reduce the tar concentration, enhancing the gasification efficiency [20] [33] [34] [35]. But 

no models have been found including an oxygen carrier for tar reduction in a chemical looping system. 

With such a model, it is possible to investigate the efficiency of the oxygen carrier and defining process 

parameters suitable for the process. These parameters include the equivalence ratio (ER), which is 

defined as the amount of oxygen fed into the gasification section divided by the amount of oxygen 

required for stoichiometric combustion of the biomass, the gasification and combustor temperature, 

the recycle ratio (amount of recycling bed material divided by the amount of biomass) and the amount 

of oxygen carrier in the bed material. With this model it should be possible to optimize reactor 

conditions and revisit the MILENA process. 

Overall objective is to develop a chemical looping model for biomass gasification in order to study the 

use of an oxygen carrier. 

The project questions are as follows: 

- What are the effects of the addition of an oxygen carrier to the bed material of a dual fluidized 

bed biomass gasifier? 

- What is the effect on the process parameters of the ratio inert/catalytic bed material? 

- Is the model suitable for predicting the gasifier properties? 

It is not trivial to make an extensive model including two fluidized beds, therefor there will be started 

with a simple model using Aspen Plus. This model will include some black boxes. For the reactions 

inside the gasifier and the combustor equilibrium calculations will be done. This model will be made 

with and without an oxygen carrier. In this way the effect of the use of an oxygen carrier can be 

investigated. Suitable parameters will be sought and the model outcome will be compared with 

experimental results. Next the model will be extended with correlations for pyrolysis and kinetic data 

for the gasification reactions. Suitable kinetics will have to be found for the oxygen carrier. Also it has 

to be investigated how char can be properly handled in Aspen Plus. Because char takes also part in 

the gasification reactions and is even capable of catalyzing some tar cracking reactions. With this 

model the process parameters will be further optimized and the use of an oxygen carrier will be 

reviewed. 

Before the model can be used to review and optimize reactor parameters, it is necessary to compare 

the model outcome with experimental results. For this project it is chosen to compare with the TNEE 

and the FERCO models as there is a reference model available [12]. In future work the model can be 

adjusted for the MILENA process as more detailed data is available for this process. However, the 

more detailed the model will be, the more specific the results will become. As there are many types 

of different biomass the reactor will give different results for different biomass feeds. 

For comparison the amount of produced gas and the composition of the gas will be taken. As not all 

models and experiments consider the same compounds, it has to be decided for every comparison, 



 

which compounds can be used. Especially for the tar different approaches are taken. For this project 

the tar is lumped in 4 compounds: benzene, toluene, phenol and naphthalene. This will limit the 

number of compounds and reactions in the model. 

To include the oxygen carrier, experiments are done to investigate the reaction of tars with the oxygen 

carrier. As a model reaction toluene has been used as the tar component. Ultimately the goal is to use 

dolomite or olivine as bed material, because their positive effects are mentioned most in literature. 

However in this project ilmenite is used as solid material. This is done because there is some 

knowledge about ilmenite from chemical looping combustion. This will be the first step to further 

improve the model. Reactions with ilmenite will be fitted to a shrinking core model. 

With these results a model will be developed including the oxygen carrier. This model is limited, 

because it only incorporates the reaction of ilmenite with toluene and more experiments have to be 

done to get more insight in the reactions that are occurring. 

  



 

4 Gasification reactions 
The reactions taking place in the gasifier can be divided into two sections. First the devolatilization of 

the biomass into gasses (CO, CO2, H2O, CH4, etc), tars and char, followed by different solid-gas and gas-

gas reactions between these substances [29]. 

4.1 Pyrolysis 
In the models made until now, mostly the devolatilization (pyrolysis) of the biomass is assumed to be 

instantaneous [30] [31] [32] [12]. Therefore it is not necessary to include kinetic or hydrodynamic 

behavior of this process. In many models the pyrolysis is modeled by decomposing the biomass into 

its elements in accordance with the proximate and ultimate analysis. These are analyses which give 

info about the composition of fuels. It can then be combined with an equilibrium reactor to model the 

secondary reactions. A main drawback of this approach is the lack of char production in the 

decomposition of the biomass. This approach is thus not suitable for the goal of this project. 

Due to extensive research on the pyrolysis, it is possible to use empirical correlations for the gases 

produced [36]. The char composition can then be calculated from the overall mass balances [12]. The 

coefficients for this pyrolysis are given in table 4-1. These coefficients are valid for Yi = aT2 + bT + c, 

between 700 and 1000⁰C and for average particle heating rates. Tar is lumped in four model 

compounds, namely benzene, phenol, toluene and naphthalene. The char produced can be calculated 

by using elementary mass balances, as all biomass will be converted to a gas or char. These 

correlations are taken from [12] and are based on experimental results from [37]. 

Product a b c 

CH4 -4.341 x 10-5 10.12 x 10-2 -51.08 
H2 1.362 x 10-5 -2.517 x 10-2 12.19 
CO -3.524 x 10-5 9.770 x 10-2 -24.93 
CO2 3.958 x 10-5 -9.126 x 10-2 64.02 
C2H4 −6.873 × 10−5 14.94 × 10−2 −76.89 
C2H6 8.265 × 10−6 -2.105 × 10−2 13.38 
C6H6 -3.134 × 10−5 7.544 × 10−2 -42.72 
C7H8 -4.539 × 10−6 0.687 × 10−2 1.462 
C6H6O 1.508 × 10−5 -3.662 × 10−2 22.19 
C10H8 -8.548 × 10−6 1.882 × 10−2 -9.851 
H2O 5.157 × 10−5 11.86 × 10−2 84.91 

Table 4-1 Coefficients for pyrolysis product yield 

4.2 Secondary reactions 
Once the biomass is devolatilized many different reactions can occur in the reactor. In previous work 

sometimes an equilibrium model is used for these reactions [38]. But the use of equilibrium does not 

work well at lower temperatures, as the hydrocarbon yield is too low. Especially the tar production is 

not well predicted in this case [11]. To give a better idea of the producer gas composition kinetic and 

hydrodynamic models should be used. In previous work the following reactions where often used for 

modeling: Boudouard equilibrium, hydrogenation gasification, water gas shift, heterogeneous water 

gas shift, dry methane reforming and steam methane reforming [29] [30] [31] [12] [39]. These can be 

complemented with reforming reactions for ethylene, ethane, propane, butane, pentane and hexane 

[39] and tar gasification [12]. For most of these reactions, kinetic data is available. But more research 

is necessary to provide valid data for all reactions.  Because tar consist of many different compounds 

it is hard to develop a reaction mechanism. Different reactions are included for the model compounds 



 

to approximate the tar compositions. But without real kinetics it is hard to include the use of a catalyst. 

Most research aims at the development of an Arheniuss equation with different apparent rate 

constants and apparent activation energies for the use of different catalysts [40]. To include the use 

of an in-bed catalyst, these models will have to be used. 

  



 

5 Equilibrium modeling 
The first model that has been made is based on equilibrium reactions. The process scheme is shown 

in Figure 5-1. 

 

Figure 5-1 Flowsheet for equilibrium model 

The biomass enters on the left (BM-IN) together with the bed material (sand and/or oxygen carrier). 

The streams are mixed and then enter the gasifier, which is split in two steps. First the devolatilization 

zone (PYROL) and then the secondary reaction zone (2NDREAC). In the first step the biomass is split 

into gases and char as was explained in 4.1. It is chosen not to use a full decomposition, as this method 

excludes the production of tars, which is what this project aims to analyze. The yield of all components 

is calculated with a calculator block (CALPYR) and transferred to the RYIELD reactor. The pyrolyzed 

biomass (BM-PRYOL) is transferred to the secondary reaction zone. Also the steam is added in this 

step. In this reactor the secondary reactions take place. The gasifier is modeled as a RGIBBS reactor, 

which calculates the equilibrium composition of the components. The sand is assumed to be inert. 

The solid and gases are then separated in an ideal separator. The sand and remaining char are 

transferred to the combustor, which is modeled as a stoichiometric reactor in which all remaining char 

is burned with air. The hot sand is then recycled back to be mixed with fresh biomass. 

5.1 Model parameters 
The model is based on a model of Abdelouahed et al. [12]. This is done because it includes kinetics, 

which are used in the next stage of this project. In order to compare the results of the equilibrium 

model with the kinetic model the same parameters are used. In this reference two models are made: 

the FERCO model and the TNEE model. In the FERCO model, the gasifier is a high velocity pneumatic 

riser (HVPR) and the combustor a low velocity fluidized bed (LVFB). The TNEE process consists of two 

LVFB. For the equilibrium modeling only the FERCO model has been used. 

Biomass enters the system with 1.12kg/s at 15⁰C. The steam enters with 0.45kg/s and at 126⁰C. The 

solids recycle rate is 25kg/s, which is 25 times the dry biomass flow rate. The pyrolysis reactor 

temperature is kept at 870⁰C. To maintain this temperature heat is added to the combustor. With a 

design specification this heat stream is varied until the heat duty of the pyrolysis zone is zero. In this 

way all the heat for keeping the pyrolysis at 870⁰C comes from the hot recycled bed material. The air 

flow is also modified with a calculator so the oxygen leaving the combustor in the flue stream is zero. 



 

Char produces in the pyrolysis zone is modeled as pure carbon. Char gasification is neglected for now. 

The char thus goes unreacted to the combustor. If char is taken into account in the equilibrium reactor 

all char is converted and nothing goes to the combustor. 

The whole process runs at 1 bar. The proximate and ultimate analyses of biomass are in table 5-1. In 

the simulations with addition of oxygen carrier the assumption is made that Fe is the catalytic active 

material of olivine [33]. Thus the bed material consists of SiO2 and iron compounds. In practice, due to 

the equilibrium calculations, only FeO and Fe2O3 are present. Furthermore these iron compounds are 

in agreement with the active compounds used in the modeling of ilmenite, which will be used in the 

kinetic model. 

All components are modeled as conventional components. Sand, iron and the iron oxides are present 

in the CISOLID substream. For char it is assumed that it consist of only carbon. It is known that the 

hydrogen and oxygen content are not negligible, but for simplification it is assumed as pure carbon 

for now. It is also present in the CISOLID substeam. Biomass is modeled as a nonconventional 

component and is thus present in the NCSOLID substream. The properties are estimated with the 

HCJ1BOIE and DCOALIGT methods. 

 Biomass 

Proximate analysis  
Moisture wt-% m.i.b. 12 
Fixed carbon wt-% d.b. 16.2 
Volatile matter wt-% d.b. 83.8 
Ash wt-% d.b. 0 
  
Ultimate analysis  
Carbon wt-% d.b. 48.8 
Hydrogen wt-% d.b. 6.22 
Nitrogen wt-% d.b. 0 
Sulfur wt-% d.b. 0 
Chloride wt-% d.b. 0 
Oxygen wt-% d.b. 45.7 
Ash wt-% d.b. 0 

Table 5-1 Proximate and ultimate analysis of biomass and char 

5.2 Results 
The model as described was run. Because of the empirical values for the pyrolysis product yields and 

the ultimate analysis for biomass and char, the elemental balance over the pyrolysis step is not closed 

for carbon, hydrogen and oxygen. In the kinetic model this issue is addressed for the carbon balance, 

but with the empirical correlations instead of kinetic data it is not possible to fix this completely. 

Temperature (⁰C) Gasifier Combustor 

Without oxygen carrier 811 967 
With oxygen carrier 810 967 
FERCO 866 982 

Table 5-2 Gasifier and combustor temperatures in equilibrium process 

The reactor temperatures are stated in table 5-2. It can be seen that the combustor temperature is 

slightly lower than in the FERCO process, but the temperature of the secondary reaction zone is much 

lower. This is probably due to the very high equilibrium conversions (as can be seen further on) 



 

involving some endothermic reactions. To maintain these temperatures a heat duty of 2.5MW is 

needed in the combustion zone. This means a large energy penalty for this process. 

The total dry gas flow of the producer gas is 1.1 kg/s. This is more than in the FERCO model (0.76kg/s). 

This is due to the high water conversion in the equilibrium model. The tar concentrations calculated 

with the equilibrium model are negligible. This is to be expected in an equilibrium model at this high 

temperature as all hydrocarbons are destroyed. The concentrations of the other components are 

shown in table 5-3. It can be seen that due to the equilibrium the methane concentration is much 

lower than in the FERCO model. Furthermore the concentration of H2 is much higher. It is clear that 

an equilibrium model is not suited for the modeling of a biomass gasifier at these conditions. Mainly 

because all tar is converted, which is not a right assumption and makes it impossible to use this model 

for evaluating the effect of an oxygen carrier on the tar decomposition. 

Component Equilibrium model With oxygen 
carrier 

FERCO model 
[12] 

CH4 0.07% 0.02% 13% 
H2 57.0% 51.3% 28% 
CO 30.2% 26.9% 41% 
CO2 12.8% 21.8% 12% 
H2O 23.1% 39.7% - 

Table 5-3 Mass percentage of main gas components in producer gas. Reference results for the FERCO model are on dry 

basis. 

5.3 Oxygen carrier 
To investigate the effect of an oxygen carrier on the main gas composition also a run is done with the 

use of an oxygen carrier. The iron content in olivine is approximately 6%. The solids inventory is 

modeled as 6% Fe (which is directly converted to iron oxide in the equilibrium) and 94% sand. In the 

combustor all FeO is converted to Fe2O3. 

The temperatures of the secondary reaction zone and the combustion zone are similar to the 

simulation without oxygen carrier. A main difference can be seen in the heat requirement. This is now 

-0.35 MW, which means there is even some spare heat. This can be explained by the oxidation of the 

iron, which produces a lot of heat. For this combustion more air has to be fed to the combustor. 

The total gas flow is 1.17 kg/s. Only a little bit more than without the oxygen carrier. This extra mass 

comes from the oxygen that the carrier releases in the gasifier. The effect of the oxygen carrier is clear: 

More combustion takes place in the gasifier. The amount of H2, CH4 and CO are lower and the amount 

of H2O and CO2 is higher. Due to the iron oxide more oxygen is available this results in the combustion 

of the gases. This is a normal finding in an equilibrium calculation.  



 

  



 

6 Kinetic model 

6.1 FERCO and TNEE models 
To improve the results of the biomass gasification model a kinetic model was made. Two 

configurations were simulated, the FERCO and the TNEE model. figure 6-1 and figure 6-2 show the 

Aspen Plus flowsheets of both these models. 

 

Figure 6-1 FERCO flowsheet 

 

Figure 6-2 TNEE flowsheet 

The pyrolysis zone is again modeled as a yield reactor (PYROL). The biomass is fed together with the 

sand. The yields of the gaseous components are calculated with the correlations from [12]. The char 

yield is calculated in two ways: from the overall mass balance and from the carbon elemental balance. 

To close the mass balance in the second case the yield of water is recalculated as is done in [41]. 

According to this reference the latter method is the best and this method will thus be used for the rest 

of the simulations. The char elemental composition is calculated from correlations taken from the 

same reference. These correlations are based on experimental results from [37] and given in table 6-1. 

The temperature for the pyrolysis zone is set at 870⁰C for the FERCO reactor and at 760⁰C for the TNEE 

configurations. This is done with a design specification which feeds enough heat in the combustor, so 

that the heat duty of the pyrolysis is close to zero. In the flow sheets it can be seen that there is a 

bypass around the pyrolysis zone. This bypass contains the fluidization gas. This is done because the 

yield reactor calculates the yield according to the mass flow and thus the yields would be wrong if the 

fluidization gas was taken into account. In the real reactor system, the bypass is not there. 
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Element a b c 

C -2.4977 x 10-7 6.60002 x 10-4 -0.507874935 
H 1.6601 x 10-7 -4.0765 x 10-4 0.260630036 
O 1-(C+H)   

Table 6-1 Correlations for the char ultimate analysis calculation. aT2 + bT + c 

Reaction and 
number 

Reaction Reaction rate (kmol/m3s) 

1. Char 
gasification 
[42] 

𝐶𝑥𝐻𝑦𝑂𝑧 + (𝑥 − 𝑦)𝐻2𝑂 → 𝑥𝐶𝑂 +

(𝑥 − 𝑧 +
𝑦

2
) 𝐻2  

𝑅 = 4.8 ∗ 104 ∗ 𝑒−
211000

𝑅𝑇 𝑝𝐻2𝑂
0.51   

2. Soot 
gasification 
[43] 

𝐶 + 𝐻2𝑂 → 𝐶𝑂 + 𝐻2  𝑅 = 3 ∗ 1011𝑒−
310000

𝑅𝑇
𝑚𝑠𝑜𝑜𝑡

𝑉𝑅
𝐶𝐻2𝑂    

3. Water gas shift 
[44] 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2  𝑅 = 5.2 ∗ 105𝑒−
102400

𝑅𝑇 𝐶𝐻2𝑂𝐶𝐶𝑂  

4. Reverse WGS 
[45] 

𝐶𝑂2 + 𝐻2 → 𝐶𝑂 + 𝐻2𝑂  𝑅 = 1.2 ∗ 1010𝑒
(−

31800

𝑅𝑇
)
𝐶𝐻2

0.5𝐶𝐶𝑂2
  

5. Homogeneous 
tar reactions 
[43] 

𝐶10𝐻8 → 9𝐶 +
1

6
𝐶6𝐻6 +

7

2
𝐻2  𝑅 = 3.4 ∗ 1014𝑒−

350000

𝑅𝑇 𝐶𝐶10𝐻8

1.6 𝐶𝐻2

−0.5  

6.  𝐶6𝐻6 + 𝐻2𝑂 → 3𝐶 + 2𝐶𝐻4 + 𝐶𝑂  𝑅 = 4 ∗ 1016𝑒−
443000

𝑅𝑇 𝐶𝐶6𝐻6

1.3 𝐶𝐻2

0.4𝐶𝐻2𝑂
0.2   

7.  𝐶7𝐻8 + 𝐻2 → 𝐶6𝐻6 + 𝐶𝐻4  𝑅 = 1.04 ∗ 1012𝑒−
247000

𝑅𝑇 𝐶𝐶7𝐻8
𝐶𝐻2

0.5  

8. [46] 𝐶6𝐻6𝑂 → 𝐶𝑂 + 0.4𝐶10𝐻8 +
0.15𝐶6𝐻6 + 0.1𝐶𝐻4 + 0.75𝐻2  𝑅 = 107𝑒−

105

𝑅𝑇 𝐶𝐶6𝐻6𝑂  

9. Heterogeneous 
tar reactions on 
char [47] 

𝐶10𝐻8 → 9𝐶 +
1

6
𝐶6𝐻6 +

7

2
𝐻2  𝑅 = 21.11𝑒−

61000

𝑅𝑇
𝑚𝑐ℎ𝑎𝑟

𝑉𝑅
𝐶𝐶10𝐻8

  

10.  𝐶6𝐻6 + 𝐻2𝑂 → 3𝐶 + 2𝐶𝐻4 + 𝐶𝑂  𝑅 = 21.11𝑒−
61000

𝑅𝑇
𝑚𝑐ℎ𝑎𝑟

𝑉𝑅
𝐶𝐶10𝐻8

  

11.  𝐶7𝐻8 + 𝐻2 → 𝐶6𝐻6 + 𝐶𝐻4  𝑅 = 21.11𝑒−
61000

𝑅𝑇
𝑚𝑐ℎ𝑎𝑟

𝑉𝑅
𝐶𝐶10𝐻8

  

12.  𝐶6𝐻6𝑂 → 𝐶𝑂 + 0.4𝐶10𝐻8 +
0.15𝐶6𝐻6 + 0.1𝐶𝐻4 + 0.75𝐻2  

𝑅 = 95798𝑒−
79000

𝑅𝑇 𝐶𝐶6𝐻6𝑂  

13. [48] 𝐶𝐻4 → 𝐶 + 2𝐻2  𝑅 = 10−2𝑒−
263000

𝑅𝑇
𝑚𝑐ℎ𝑎𝑟

𝑉𝑅
𝑝𝐶𝐻4

  

14. Carbon 
combustion 
(combustor) 

𝐶 + 𝑂2 → 𝐶𝑂2  𝑋𝑐 = 100%  

15. Hydrogen 
combustion 
(combustor) 

𝐻2 + 0.5𝑂2 → 𝐻2𝑂  𝑋𝐻2
= 95%  

Table 6-2 Reactions in the kinetic model 

In the FERCO model the produced gases are mixed with steam and enter the secondary reaction 

zone, which is modeled as a plug flow reactor. In this model kinetics are taken into account for char 

en soot gasification, homogeneous and heterogeneous tar cracking reactions and the water gas shift 

reaction. The kinetics are taken from [12] and summarized in table 6-2. These authors notice that 

the tar reaction kinetics are first estimates based on experimental results from the mentioned 

papers. For C6H6 and C7H8 no data was available and the kinetics are assumed from C10H8. It is also 

tested what happens if the secondary reaction zone is split up in five sections. This is done because 

some of the reactions depend on changing parameters like the mass of char in the reactor. These 



 

parameters are recalculated between every section and assumed constant in one part of the 

reactor. 

6.2 Model parameters 
All important model parameters are shown in table 6-3. 

 FERCO TNEE 

Biomass inlet flow (wet/dry) 
(kg/s) 

1.12 / 1.00 1.38 / 1.00 

Biomass inlet temperature 
(⁰C) 

15 20 

Fluidization gas inlet flow 
(kg/s) 

0.398 0.14 

Fluidization gas temperature 
(⁰C) 

126 Tsyngas 

Fluidization gas pressure 
(atm) 

1.7 1.0 

Biomass moisture content 12% 38% 
Volume dense zone 0 1.53 
Volume secondary reaction 
zone 

9.42 7.89 

Sand flow (kg/s) 25 14.9 
Table 6-3 Model parameters 

6.3 Results 
Both models were run. In order to check the pyrolysis parameters the yields were compared with 

those found by Dufour et al. The results are in Table 6-4. The model with the char yield calculated 

through the carbon balance are close to the reference, in which the char is calculated in the same way. 

There is still a small difference, which could be due to a slightly other implementation of the fortran 

code and the char gasification. For the rest of the results the model will be closed with the carbon 

balance as this has the best correlation with the most recent results with the reference model. 

Compound Reference 
carbon 
balance 
closed 

Model 
Mass 
ballance 
closed 

Model 
carbon 
balance 
closed 

  H2                      0,97% 1,45% 1,0% 

  CO                      43,98% 48,67% 46,96% 

  CO2                     15,46% 13,56% 13,80% 

  CH4                     8,47% 9,37% 8,98% 

  C2H6                    0,46% 0,14% 0,35% 

  C2H4                     4,91% 4,88% 5,14% 

 C6H6O                   0,37% 0,032% 0,27% 

  C6H6                    2,37% 3,12% 2,65% 

  C7H8                    0,80% 0,55% 0,79% 

  C10H8                   0,88% 0,99% 0,97% 

char 16,98% 18,98% 18,95% 
Table 6-4 Pyrolysis yield results at 850⁰C 



 

The results of both the model are presented in table 6-5. All product yields are in the same range as 

the reference simulations. So it is likely that the kinetics are implemented well. However the 

combustion temperature of all simulations in this work is lower than the reference simulation. This 

could be due to a wrong heat capacity of the biomass and the char. In the reference the heat capacity 

and the density are manually adjusted, but in this work this was not possible, because of the lack of 

an external fortran compiler. But it is not clear if this can explain the complete difference. 

 This project 
FERCO 

Abdelouahed 
(2012) 
FERCO 

This 
project 
TNEE 

Abdelouahed 
(2012) TNEE 

Pyrolysis temperature 
(⁰C) 

870 870 760 760 

Gasifier temperature 
(⁰C) 

866 – 870 866 930-932 948 

Combustor 
temperature 

966 982 954 980 

Total gas flow (kg/s) 0.77 0.76 0.73 0.71 
Total tar flow (kg/s) 0.038 0.039 0.037 0.035 
Molar fraction of dry 
syngas (mol-%) 

    

H2 26.4% 28% 21.4% 22% 
CO2 10.9% 12% 14.9% 15% 
CO 43,3% 41% 41.6% 41% 
CH4 13.9% 13% 15.2% 14% 
Tar content g/Nm3     
Benzene 34 34 35  
Napthalene 11 10 14  
Toluene 4 4 5  
Phenol 0 0 0  
 48 48 54 46 

Table 6-5 Comparison of FERCO and TNEE model results with the reference model 

Because some reactions depend on parameters that are changing along the height of the freeboard it 

is evaluated if the results improve if the secondary reaction zone is split up into five sections. The 

reaction rates can then be recalculated between every section. It appears however that this barely 

influences the model output. All gas concentrations are the same. The difference is about 0.1%. The 

only reaction that is affected by this change is the soot gasification. When the secondary reaction zone 

is split up the soot flow at the outlet is 8.8 mol/hr, while it is 9.1 mol/hr when the freeboard is modeled 

as one section. This flow is however very low and does not affect the other components, so it is left 

out of the scope of this project and the freeboard is modeled as just one section. 

Heat requirement (kW) FERCO TNEE 

Without tar recycle 971 1274 
With tar recycle -80 279 

Table 6-6 Heat requirment of the combustor with and without tar recycle 

In order to investigate the effect of the tar recycle the additional heat necessary in the combustor is 

calculated with and without the tar combustion. The results are shown in table 6-6. The results are 

not very accurate because Aspen uses a design spec and the tolerance has to be quite high in order 

for Aspen to be able to converge. So the accuracy is 10kW. But still it is clear that a tar recycle 



 

dramatically reduces the heat requirement in the combustor. In the FERCO model it even delivers 

enough heat to make the process autothermal. From the equilibrium model it is known that an 

oxygen carrier can also lower the heat requirement. With a good tuning of the tar recycle and the 

oxygen carrier flow it should be possible the make the process autothermal at most conditions. 

6.4 FERCO and TNEE comparison 
The results of the FERCO and the TNEE model can be compared. The main differences of the models 

are the lower pyrolysis temperature for the TNEE model and the different solids cycle. Only 5% of the 

char is entrained to the freeboard, so less char gasification is possible. In the real process, the 

hydrodynamics will be much different. The TNEE process has a bubbling fluidized bed dense zone and 

the FERCO model operates at high velocity fluidization. But the differences due to this can barely be 

taken into account with the Aspen tools that are used in this project. 

If the models are compared, it can be seen that the producer gas of the FERCO model consist of some 

higher amounts of hydrogen and carbon monoxide. In the TNEE model some more carbon dioxide and 

methane are produced. This is partly due to the different pyrolysis temperature. At higher 

temperatures (for FERCO) relative more CO and H2 are produced. The higher amount of CO2 in the 

TNEE model can be explained by the WGS equilibrium, which shifts towards a higher carbon monoxide 

conversion at lower temperatures. This can also be seen in table 6-7, which shows the relative 

production and conversion rates for the different gases in the secondary reaction zone. It can be seen 

that some conversions, especially that of carbon dioxide and hydrogen are not matching with the 

reference model. This can also explain the somewhat lower gas fractions in the producer gas. It is not 

yet clear why this difference exists for the two different models, as the kinetics are identical. In both 

this model and the reference model the amount of syngas is somewhat higher in the FERCO model. 

For syngas production the FERCO model thus seems slightly better. 

 This project 
FERCO 

Abdelouahed 
(2012) 
FERCO 

This 
project 
TNEE 

Abdelouahed 
(2012) TNEE 

H2 +0.52 +0.68 +0.48 +0.80 
CO +0.05 +0.04 -0.08 -0.06 
CO2 +0.49 +0.71 +0.56 +0.71 
C6H6 +0.03 +0.04 +0.13 +0.25 
C10H8 +0.01 +0.01 +0.17 +0.19 
C6H6O -1 -1 -1 -1 
C7H8 -0.21 -0.28 -0.50 -0.68 
char -0.17 -0.18 -1 -1 

Table 6-7 Relative production and conversion in secondary reaction zone. A positive numer means production, a 

negative number means conversion. 

From these simulations it appears that the FERCO gasifier is the better choice. The amount of syngas 

produced is somewhat higher and the tar production is a little bit lower. Furthermore it appears that 

somewhat less energy has to be applied to the FERCO reactor. One of the reasons for the higher heat 

consumption of the TNEE reactor could be the higher water content in the biomass inlet flow. The 

drying that happens in the pyrolysis zone in this model consumes heat. The difference in gas 

composition could be due to the difference in temperature for the reactor. Another difference may 

occur due to the difference in fluidization gas. In the FERCO gasifier steam is added as fluidization 

agent, which could have an influence on steam gasification of the char particles and also on the water-



 

gas-shift reaction. But it has to be noted that Aspen does not offer the right tools to really distinguish 

between the two reactor configurations as it is not able to model the dense bed and the different solid 

inlet zones. 

  



 

7 Oxygen carrier 

7.1 Choosing an oxygen carrier 
There are a lot of oxygen carriers that could be suitable for the reduction of tars in the product gas. 

When determining which ones could be used for this project it is necessary to focus only on the in bed 

oxygen carriers. This means that the material should have a high mechanical strength. Furthermore it 

is necessary that some kinetic data is available for use in Aspen Plus. Dolomite and olivine are the 

most mentioned materials to use in a biomass gasifier. However there is very little kinetic data 

available. Therefore ilmenite is chosen as a case study. Ilmenite is known for its low cost and good 

oxygen carrier capabilities. A lot of research has been done on ilmenite for chemical looping reforming 

and combustion processes [49] [50]. There are some kinetics available for the reactions with the main 

gas components. For tar no kinetic can be found in literature, because tar is negligible in the studied 

chemical looping combustion and reforming processes. 

The model is made with the assumption that the reactions of the oxygen carrier with hydrogen, CO 

and methane are much faster than those with the tar components. It is not known if this assumption 

is true. So it is assumed that there is no direct catalytic effect on tar destruction. Lower tar 

concentrations could then be achieved via the different gas composition due to the oxygen carrier. To 

evaluate the reliability of this assumption some experiments are done with ilmenite, hydrogen, CO, 

methane and toluene. Toluene is chosen as a model tar component, because it has less safety 

requirements as benzene. Furthermore it can be used in the available apparatus. Goal of the 

experiments is not to find a detailed kinetic scheme with reaction rates, but to compare the activity 

of ilmenite towards the different gases to validate the assumption made above. 

7.2 Experiments 

7.2.1 Experimental setup 

The experiments are done in a low pressure thermogravic analyzer. Ilmenite was put in the TGA in a 

platinum basket. The TGA was heated to the desired temperature with a nitrogen flow. Then 

alternating reduction and oxidation cycles were done with a two minute nitrogen purge in between. 

The oxidation and reduction times were both 30 minutes. Oxidation was always carried out with air. 

For the reduction hydrogen, CO, methane and toluene gases were used. CO2 was added to avoid 

carbon formation and reduction of ilmenite to pure iron. Toluene was fed to the system with the aid 

of a Controlled Evaporator Mixer by Bronckhorst. This evaporater was set at 100⁰C to guarantee 

complete evaporation. 

In each experiment 10% of the reducing gas was added together with 25% of CO2 and complemented 

with nitrogen. 10% was chosen due to iron formation with higher concentrations of methane. 

There were also experiments done with toluene. The flow meter that has been used was however not 

calibrated for toluene. A rough calibration has been done, but the given concentrations are not 

accurate. Accurate calibration of the flow meter for toluene is necessary to give more accurate results 

and to investigate the reaction kinetics. 

7.2.2 Oxygen carrier 

Pre-oxidized ilmenite was activated in the TGA. Activation was done with 25 consecutive reduction 

and oxidation cycles. Reduction was done with 15% H2 and 20% CO2. Oxidation was done with air. 



 

Both took place at 900⁰C. During this process the activity of ilmenite greatly increases. A Norwegian 

ilmenite was used. No analytical experiments were performed on the ilmenite that has been used in 

the experiments. In literature the same Norwegian ilmenite has been used and analysed [51]. It was 

assumed that the properties are the same for the ilmenite used in this experiments and mentioned in 

table 7-1. 

XRD Fe2TiO5, Fe2O3, Fe3O4, TiO2 
True density (kg/m3) 4250 
Porosity (%) 35 
Particle diameter (μm) 150-300 
BET surface (m2/g) 0.4 
Crushing strength (N) 1.0 

Table 7-1 Properties of activated ilmenite 

7.3 Experimental results 
The data acquired in the TGA is the weight of the sample. This weight is converted into a conversion 

based on the mass of the ilmenite. So a conversion of 5% means that the mass of the sample has 

decreased with 5%. This mass conversion is set off against the reduction time. The results for the 

different gases can be seen in figure 7-1. The results of the experiments done with toluene are not 

accurate as the flow meter could not be calibrated accurately for toluene. The results shown here are 

based on a manual calibration where the volume of the liquid toluene was measured. The 

consumption of the liquid is however very low and with the given equipment the measurements are 

very rough. No hard conclusions can be drawn from these results. 

The reaction rates for hydrogen, CO and methane can be evaluated. The hydrogen reaction is the 

fastest, followed by CO and the methane reaction is significantly slower. These results cannot be 

verified with other experimental results. Abad et al. have done experiments with ilmenite and they 

have found that the reaction with CH4 is faster than the reaction with CO for activated ilmenite. [49] 

It is not yet clear why this is different. The temperature is only 30K higher, so it is unlikely this can 

explain the difference. A major difference is that that Abad et al. used H2O together with the CH4, 

while in these experiments CO2 is used. It is well possible that due to reforming of methane carbon 

monoxide is generated, which could react with water via water gas shift to form hydrogen. The WGS 

reaction is shown in table 6-2. Carbon monoxide and hydrogen can react with the ilmenite. This could 

explain why the ilmenite reacts faster with methane and steam than with methane and carbon 

dioxide. More experiments with methane and both water and carbon dioxide should be done in order 

to clarify this. 

As said before the results of the reduction reactions with toluene have to be read with care. A more 

accurate calibration is necessary in order to make conclusions. Despite this, first results imply that the 

reduction of ilmenite with toluene is a very fast reaction, even for low toluene flows. If this really is 

the case it should be investigated whether this is also true for other tar components. If so, it is clear 

why in many experimental gasifier setups the use of an oxygen carrier yields a lower tar production 

[20] [34]. In this case the assumption that the reactions of tar with the oxygen carrier are negligible 

compared to the reaction rates with hydrogen and carbon monoxide is invalid and these reactions 

should thus be considered in the modeling. However this will need more experimental work in order 

to find the right reaction coefficients for the reactions of the oxygen carrier with the different tar 

components. 



 

 

Figure 7-1 Mass conversion of ilmenite in a low pressure TGA 

7.4 Modeling of the ilmenite reactions 
The reduction and oxidation mechanisms of ilmenite are quite complex. Both pseudobrookite 

(Fe2TiO5) and hematite (Fe2O3) are reduced. The oxidation can have even more products [49]. 

Themogravic analysis cannot clarify which components play the most important role. Therefore the 

integrated rate of reduction method is normally used for ilmenite [49]. This means that 

pseudobrookite is considered as Fe2O3 + TiO2, ilmenite as FeO + TiO2 and magnetite as Fe2O3 + FeO. 

TiO2 is then considered as an inert material and only the iron containing components contribute to 

the reduction and oxidation reactions. Three reduction reactions and one oxidation reaction are 

considered: 

𝐹𝑒2𝑂3 + 𝐻2 → 2𝐹𝑒𝑂 + 𝐻2𝑂  

𝐹𝑒2𝑂3 + 𝐶𝑂 → 2𝐹𝑒𝑂 + 𝐶𝑂2  

4𝐹𝑒2𝑂3 + 𝐶𝐻4 → 8𝐹𝑒𝑂 + 𝐶𝑂2 + 2𝐻2𝑂  

4𝐹𝑒𝑂 + 𝑂2 → 2𝐹𝑒2𝑂3  

As the reaction of toluene with ilmenite seemed to be fast in the TGA experiments, a first attempt was 

made to include this reaction in the model. The following reaction was thus added to the ilmenite 

reactions: 

18𝐹𝑒2𝑂3 + 𝐶7𝐻8 → 36𝐹𝑒𝑂 + 7𝐶𝑂2 + 4𝐻2𝑂  

In this reaction it is assumed that total oxidation of toluene takes place. It is however quite unlikely 

that this is the case. More likely the toluene will decompose in a complex reaction path considering 

multiple hydrocarbons and also hydrogen and carbon monoxide. The latter ones could then react in 

water gas shift or other oxidation reactions with ilmenite. The outcome of the reaction of toluene with 

ilmenite however still has to be verified. So it would be difficult to come up with a reaction path. 

Therefor it was decided to assume total oxidation to get a first insight in the quantity of toluene 

reacting. It also has to be taken into account that not only toluene will react. The other tar components 
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will react with ilmenite as well. Because there were no experiments conducted on other tar 

components like benzene, phenol and napthalene, these reactions are not taken into account. But this 

has to be done in the future to obtain a good reactor model. 

All the ilmenite reactions are assumed to have kinetics according to the shrinking core model as has 

been done by [49]. However the diffusion part of the model will be neglected. This can be done for 

lower conversions and is a fair assumption for the conversions that are found in the model of this 

project. These have a maximum of around 50% as can be seen in the modeling results section. It has 

been shown that the reaction rate of ilmenite does not depend on the particle size and thus a grain 

boundary is used. This means that the following equation can be written for the conversion [49]: 

𝑡

𝜏𝑐ℎ𝑟
= 1 − (1 − 𝑋)

1

3,      𝜏𝑐ℎ𝑟 =
𝜌𝑚𝑟𝑔

𝑏𝑘𝑠𝐶𝑔
𝑛  

These equations are rewritten for use in Aspen Plus. This leads to the following reaction rate equation: 

𝑟𝐶 =

𝑤𝑖
𝑎𝑐𝑡(1−𝜀𝑝)(∑

𝑤𝑖
𝜌𝑖

𝑖=𝑠𝑜𝑙𝑖𝑑𝑠

)

−1

𝑀𝑂𝐶
𝑎𝑐𝑡 ⋅

3⋅𝑘𝑠𝑜exp(
−𝐸𝑎𝑐𝑡

𝑅𝑇
)𝐶𝑔

𝑛

𝜌𝑚𝑟𝑔
⋅ (1 − 𝜀𝑣𝑜𝑖𝑑)  

In this equation an effectiveness factor should be included, but because of the small particles and the 

rather well mixing in a fluidized bed this will be assumed to be close to one. This implies that the 

reaction takes place in the kinetically controlled phase of the shrinking core model. 

The constants that are used can be found in table 7-2 and are from [49]. The constants for the 

oxidation reaction are not used as oxidation is done in a stoichiometric reactor and full conversion of 

FeO to Fe2O3 is assumed. 

For the reaction of toluene with ilmenite no reaction kinetics were found in literature. Therefore the 

data from the TGA experiments was used to estimate the reaction parameters. Some things have to 

be noted to this estimation. The factor b has been taken from the total oxidation reaction and is the 

stoichiometric ratio of the reacting gas per mole of ilmenite and is 1/18. Because all experiments were 

carried out at the same temperature no activation energy can be defined. The temperature 

dependence was neglected in the model and the activation energy was set to zero. This means that 

the toluene reaction will have the same reaction constant in the TNEE model. This is actually running 

at a lower temperature than the FERCO model, but the reaction rates for different temperatures are 

not yet known. The temperatures of the FERCO and the TNEE model are 870°C and 760 °C respectively. 

The reaction order and the pre exponential factor were then fitted to the TGA experiments. The results 

can be seen in figure 7-2. The ilmenite conversion has been normalized to one to be able to fit all three 

experiments with the same shrinking core model. This means that the effect of iron and carbon 

formation is not taken into account. From the figure it can be deducted that the found parameters 

predict the conversion quite well up to a conversion of 70%-80%. After this conversion, probably the 

diffusion limits the reaction and this is not taken into account in the model. Furthermore the 

production of iron and carbon could start playing a role and these are also no part of the model. 



 

 

Figure 7-2 Fit of the shrinking core model with the TGA experiments for toluene 

 H2 CO CH4 C7H8 

ρm (mol m-3) 13590 13590 13590 13590 
rg (m) 1.25*10-6 1.25*10-6 1.25*10-6 1.25*10-6 

b̅  1.45 1.45 5.78 0.056 
ks0 (mol1-n m3n-2 s-1) 0.062 0.10 9.8 0.0027 
Echr (kJ mol-1) 65.0 80.7 135.2 0 
n 1 0.8 1 1.5 

Table 7-2 Kinetic parameters for reduction of ilmenite with H2, CO, CH4 and C7H8 

The parameters that are found with this fit can be found in table 7-2. These parameters fit the 

experiments reasonably well to be used in the Aspen simulation. However it is clear that due to 

limitations of the experiments these values will not be the right ones for all other experiments. To get 

better parameters more experiments should be conducted. The reaction should be carried out at 

different temperatures to find an activation energy. Furthermore the composition of the exit gas 

should be analyzed to get insight into the products of the toluene decomposition with ilmenite. Also 

as said before the flow meter should be calibrated. In this way the concentrations are more accurate. 

Because these are not accurate for these experiments the reaction order is also inaccurate and this 

can be greatly improved. 
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8 Modeling of the oxygen carrier in Aspen Plus 

8.1 Modeling approach 
As a first attempt to model an oxygen carrier in the biomass gasifier the ilmenite reduction reactions 

were inserted in the same Aspen models as used in chapter 0. The conversion of ilmenite however 

was very low and there was no effect on the gas components. The conversions are negligible. Only 6 

ppm of the ilmenite is converted in this way. These very low conversions are probably due to the very 

low solids residence time inside the secondary reaction zone. It is also to be expected that most of the 

solids conversion will take place in the dense zone of the reactor. But this dense zone has not yet been 

taken into account. Only char gasification in the dense bed of the TNEE model has been modeled, but 

not in the same way as in the reference model. Therefore an attempt was made to model the dense 

fluidized zone. This was done with a CSTR reactor in Aspen Plus. But the solids conversion stayed very 

low. The flows to and from the dense zone for the TNEE model are shown in table 8-1. This can be 

explained by the lack of Aspen to model solids in a proper way. It calculates the residence time of the 

reactor from the volume and the total inlet flow. This means that the gas and the solids stay in the 

reactor for the same time. For a CSTR with a volume of 1 m3 this was approximately 0.12 seconds. In 

a real dense zone the solids will stay in the dense zone a lot longer. And hence the conversion of the 

solids will be much higher. The CSTR model available in Aspen thus is inefficient in modeling a dense 

fluidized bed. 

 To dense phase dense phase out 

CH4 16.37238 16.37238 

H2 15.10566 15.10564 

CO 49.15356 49.15349 

CO2 10.5261 10.52617 

FEO 0.004164 0.004372 

FE2O3 17.86759 17.86749 
Table 8-1 Gas and ilmenite flows for the dense phase modeled as a CSTR with Aspen Plus 

As the version of Aspen that has been used in this project (V7.3.2) has no good options for modeling 

a longer solids residence time, a separate model for the dense bed was made in excel. This model was 

then coupled with Aspen via a calculator block. It was tried to use a detailed model for the gas-solid 

reaction in the dense bed developed by Gómez-Barea et al. [52]. It appeared however that many 

properties of the fluidized bed configuration and diffusion parameters have to be taken into account. 

These were not available and thus it was decided to make a more simple model based on a CSTR. This 

was a custom made model in which the residence time of the solids can be adjusted manually by 

changing the volume fraction of the solids. A part of this excel sheet can be found in 0. Then with a 

few iterations the conversion of the solids and the bulk concentration of the gases are calculated. 

These iterations are done manually (10 iterations). It should be possible to add a solver to the excel 

sheet to converge it automatically, but due to time limitations, this has not yet been done. The excel 

model is linked with Aspen. It imports the inlet conditions from Aspen and outputs the fractional 

conversion of the gas. These conversions are used in a stoichiometric reactor so that Aspen can 

calculate the heat of reaction and the outlet conditions. 

 The most important features of the dense bed that will improve the ilmenite reactions are the bed 

inventory and hence the solids residence time in the dense bed. These are however unknown and 



 

therefore an estimation has been made for both the FERCO and the TNEE model. For this assumption 

data from Kunii and Levenspiel [53] was used. It is stated that for a high velocity fluidized bed (as the 

gasifier riser in the FERCO model) has an average solids volume fraction of 0.16-0.22 and for a bubbling 

fluidized bed (like the TNEE gasifier) it is 0.44-0.50. It was chosen to use 0.19 and 0.47 for the FERCO 

and the TNEE models respectively. When the solids volume fraction is set the mean residence time is 

calculated. This is done by dividing the solids volume and the solids inlet flow. Thus this is the time 

necessary to completely refresh the bed material. This gives a residence time for the FERCO model of 

about 15 seconds. For the TNEE model this is much longer as expected for a BFB, 131 seconds. 

For the TNEE model a volume of the dense zone is given in the reference model [12]. For the FERCO 

model however, the reference assumes that the dense bed in a riser is negligible and no volume is 

given. Therefore the dimensions of the MILENA model [11] are taken. The MILENA model also makes 

use of a gasifier riser, but on a smaller scale. The dimensions are scaled up linearly as a first estimation 

to the volume of the FERCO gasifier riser. 

 Obviously the results that are found are first estimates. For a better understanding of the effect of 

the oxygen carrier it is necessary to make a more detailed model for the fluidized bed, taking into 

account hydrodynamics, gas phase reactions and also char gasification, which is not included in the 

dense bed for this model. 

8.2 Modeling results 
The coupled excel and Aspen model was run for both the FERCO and the TNEE model. First a simulation 

with 10 mass-% of ilmenite was done to show the effect of the oxygen carrier. The mole flows for 

some gases and for ilmenite  at different points in the system are shown in table 8-2. As expected the 

addition of ilmenite to the system greatly reduces the amount of H2 and CO in the dense zone of the 

gasifier. Due to the presence of ilmenite these components are oxidized. The decline of hydrogen and 

carbon dioxide is however compensated in the secondary reaction zone due to water-gas-shift. In the 

dense phase also some methane is oxidized. In the freeboard the methane flow rises a bit due to some 

tar decomposition. It was expected that there would be a clear decline of the toluene concentration 

in the dense zone, because of the TGA results. In the TGA the reduction reaction of ilmenite with 

toluene seemed very fast. In the model however there is almost no toluene decomposition visible. 

This is possible due to the very low concentration of toluene in the gasifier. Furthermore it is assumed 

that toluene is completely oxidized. Therefor 18 mole of reduced ilmenite corresponds with 1 mole of 

oxidized toluene. 

 FERCO TNEE 
 To dense 

zone 
To-2nd-
reaction 

Outlet gas To dense 
zone 

Dense 
phase out 

Outlet gas 

CH4 17.349 16.912 16.949 16.546 16.256 16.385 

H2 21.223 16.762 27.253 15.100 10.761 18.260 

CO 51.573 48.155 50.768 48.795 44.750 41.064 

CO2 9.204 13.062 17.187 11.177 15.526 21.237 

C7H8 0.178 0.178 0.144 0.257 0.255 0.139 

FEO 0.000 19.268 19.271 0.004 19.163 0.004 

FE2O3 29.983 20.349 20.347 17.868 8.288 17.868 
Table 8-2 Gas flows at different points in both TNEE and FERCO models 



 

It can also be observed that the ilmenite conversion is around 32% for the FERCO gasifier and 54% for 

the TNEE reactor. This conversion only includes the active part of the ilmenite. Another notable 

observation is difference between the FERCO and the TNEE model. This can be clearly seen if the main 

gas composition is plotted against the mass fraction of ilmenite in the solids bed. The results can be 

seen in figure 8-1. The effect of the oxygen carrier addition is higher in the TNEE model. This can be 

explained with the residence time. The residence time in the TNEE gasifier is 10 times higher than in 

the FERCO gasifier, thus leading to a more pronounced effect of the oxygen carrier. 

 

To check what is the influence of the solids fraction and hence the residence time in the bed, 

simulations were done with both a 10% higher and a 10% lower solids volume fraction and hence 

residence time. These simulations were done with 5 mass-% of ilmenite and the results are shown in 

table 8-3. The results are shown only for hydrogen, but as the kinetics for the other reactions have the 

same form, the effect is comparable. It is clear that the effect is not linear. If the volume fraction is 

changed with 10%, the hydrogen flow directly after the dense phase changes with only 1%, after the 

secondary reaction zone the effect is even smaller, between 0.6% and 0.7%. this holds for both the 

FERCO and the TNEE gasifier. It can thus be concluded that the rough residence time estimation will 

not have a big effect on the overall results. 

 FERCO TNEE 

 To dense 
zone 

To-2nd-
reaction 

Outlet gas 
To dense 
zone 

Dense 
phase out 

Outlet gas 

90% 0.00% -0.96% -0.62% -0.26% -1.29% -0.74% 

100% 0.00% 0.00% 0.00% 0.00% 0.00% 0.00% 

110% 0.00% 0.95% 0.61% -0.02% 1.10% 0.69% 
Table 8-3 Hydrogen flow at different points in the gasifier for different ilmenite mass fractions 
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Figure 8-1 Main gas composition for different ilmenite fractions in the solid bed. Left for the FERCO gasifier, right for the 

TNEE gasifier 



 

It is interesting to look at the effect of the oxygen carrier concerning the heat requirement of the 

combustor in order to keep the pyrolysis zone and the dense phase at the desired temperatures of 

870°C and 760°C for the FERCO and the TNEE model respectively. The heat requirement for 0%, 5% 

and 10% ilmenite are given in figure 8-2. The addition of ilmenite greatly reduces the heat 

requirement. The FERCO model already needed heat removal, but with ilmenite this becomes almost 

1 MW. With 5% ilmenite also the TNEE model becomes autothermal and for more ilmenite heat 

removal is required. If less tar comes out of the gasifier, the heat requirement will increase, but with 

the right amount of oxygen carrier it should be possible to keep the process autothermal. 

The difference in heat duty can be explained with the moisture content in the biomass. For the TNEE 

model this is 38%, for the FERCO model it is 12%. The extra water has to be evaporated which costs a 

lot of heat. To check this, the moisture content in the FERCO model was raised to 38% and the 

simulations were done again. The results are also in figure 8-2. Indeed the heat duty of the FERCO 

model now increases. The reactor is not autothermal anymore for the given ilmenite fractions. This is 

also expected because the FERCO gasifier works 

at a higher temperature than the TNEE model. 

The biomass and the fluidization gas have to be 

heated to this temperature and therefor the heat 

requirement of the FERCO model is higher. It can 

also be concluded from these experiments that 

drying of the biomass before the gasifier can help 

making the dual fluidized bed autothermal. If the 

moisture content of the biomass feed is high, the 

process will not be able to generate enough heat 

for autothermal operation. 

When the results of these simulations are 

compared with data from literature it is clear that 

the effects are completely different. It was reported that changing the bed material from sand to 

dolomite or olivine resulted in a gas production increase of 50%, a 20 fold tar reduction and over 30% 

less char [20]. The char reduction cannot be compared as the char gasification is not yet included in 

the dense zone calculations. This can also explain why the gas production is not increasing, as the char 

gasification produces hydrogen and carbon monoxide. But the claimed tar reduction is not present at 

all in our simulations. This can imply that the model is not complete and is not able to predict these 

findings, which is definitely true for the char gasification. But it is also possible that ilmenite is not a 

good bed material for biomass gasification. As it is used in chemical looping combustion it is possible 

that ilmenite oxidizes too much of the main gases like hydrogen and carbon monoxide and has a too 

low tar conversion activity. It would then not be suitable for the use in a biomass gasifier. 
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9 Conclusions and recommendations 
In this project a model was developed for biomass gasification in a dual fluidized bed. Goal of the 

model was to give basic insight in the characteristics of the dual fluidized bed gasifier, to compare 

different fluidized bed setups and to investigate the effect of the addition of an oxygen carrier in the 

bed material on the gas composition and the tar destruction. 

First an equilibrium model was made. For the biomass pyrolysis experimental correlations were used 

to calculate the gas composition. Both the secondary reaction zone and the combustor were modeled 

with a Gibbs equilibrium. The results showed that this equilibrium model was not suitable to predict 

the characteristics of biomass gasification. The results were compared with literature and the gas 

consisted of too much hydrogen and carbon monoxide, due to the WGS equilibrium at high 

temperatures.  Furthermore all tar concentrations were negligible in equilibrium. It is known that for 

biomass gasification many different tar species are present at relatively high concentrations. This is 

also one of the main reasons to develop a model with the addition of an oxygen carrier. So it can be 

concluded that an equilibrium model is not suitable for this purpose. 

The effect of an oxygen carrier in equilibrium was investigated. This was done via the addition of 6 

mass-% of iron to the sand in the solids circulation. Fe is directly converted to Fe2O3 in the combustor 

and to FeO in the gasifier. This results in oxidation of the gases in the gasifier. The hydrogen and carbon 

monoxide concentrations decreased while water and carbon dioxide were increasing. This is as 

expected in equilibrium. A positive effect was the lower heat requirement. The oxidation reactions 

are exothermic and therefore less heat has to be added to the system. 

As the equilibrium model was not suitable for modeling biomass, gasification kinetics were introduced 

in the model. This was done according to a reference for two different reactor setups: FERCO and 

TNEE. Kinetics include homogeneous and heterogeneous tar cracking, char and soot gasification, 

water-gas-shift and methane decomposition. It was assumed that no dense zone was present in the 

FERCO model. The dense zone of the TNEE model was taken into account, but due to limitations of 

Aspen, the residence time of the solids was very low, resulting in low char gasification. 

The results of the kinetic model were generally in good agreement with the reference models. Only 

the production rates of hydrogen and carbon dioxide in the secondary reaction zone were lower. It is 

not yet clear why this is the case. Many of the secondary reactions are based on first experimental 

findings and particularly the tar decomposition reactions need much improvement in order to make a 

more accurate model. This could be done by experiments for different model tar compounds. 

Reactions should be carried out with only the tar compound to check thermal decomposition, but also 

with the other gas compounds and char to check if catalytic reactions or inhibition takes place. There 

is a bit of data available and combined with experiments a better understanding of the tar reactions 

can be achieved. It stays however difficult to include this as in reality tar consist of many different 

components and reactions, which will not all be included in the model. So some simplification will be 

necessary. 

If the FERCO and the TNEE model are compared it can be observed that the FERCO gasifier produces 

somewhat more syngas than the TNEE model, making it more suitable for syngas production. This is 

true for both the model of this project as well as the reference models. Also the TNEE model requires 

more heat, but this is due to the fact that the biomass in the TNEE model has a higher moisture 



 

content. The heating and drying of this biomass takes up energy. The moisture content thus greatly 

determines if the process can be run in autothermal operation. 

Char gasification remains one of the things that need further improvement. It is not yet included in 

the dense phase, but probably will have an effect, especially in the dense zone. It was included in the 

TNEE model with a CSTR, but the CSTR model from Aspen has a low solids residence time and thus the 

implementation can be greatly improved. But it was chosen to investigate the effect of the oxygen 

carrier first. 

In order to make a first approach on the modeling of an oxygen carrier some experiments were done 

with ilmenite in a thermogravic analyzer. Ilmenite was chosen because there was some knowledge 

available from chemical looping combustion, but it is normally not used in biomass gasification. 

Experiments were done with hydrogen, carbon monoxide, methane and toluene. The experiments 

showed that hydrogen reacts faster than carbon monoxide, which reacts faster than methane. This is 

not in agreement with other experimental results, but it is well possible that other reactions like WGS 

play a role in the ilmenite reduction with methane. Further experiments with methane and other gases 

like water and carbon dioxide should be conducted to investigate this effect. 

Ilmenite showed a very high activity towards toluene. Accurate results could however not be given, 

because of the lack of equipment to accurately calibrate the liquid flow meter for toluene. Calibration 

of the flow meter for toluene is essential for further experiments to be able to give more accurate 

results. One way to do this is to measure the toluene flow after the liquid flow meter with gas 

chromatography. This should then be done without reaction in the TGA. 

The results from the reaction of ilmenite with toluene is fitted to the kinetic part of a shrinking core 

model. This is the same model that has been used for the other ilmenite reactions. Parameters are 

found which describe the conversion quite well up to 70% ilmenite conversion, but it has to be 

mentioned that more experiments have to be done to get more reliable results. In this project 

experiments were only done at 870°C, so no activation energy could be calculated. Above 70% 

conversion the model moves away from the experimental results, but these conversions are not met 

in the biomass gasification model. Toluene was assumed to undergo complete oxidation. In this way 

it was possible to implement the reaction in the model as a first approach, but more details about the 

reaction path are needed. Therefor the reaction products should be analyzed. This can be done with 

GC and/or MS after the TGA or after reaction in a fluidized bed. It has to be taken into account that 

other hydrocarbons could be formed, which can also react with ilmenite. When biomass is used, many 

different tar compounds will be present, including a lot of different reactions. This will make it 

complicated to make a kinetic model. It is necessary to combine experimental results and literature 

to find a good approach to include tar conversion with an oxygen carrier. 

The ilmenite reactions with hydrogen, carbon monoxide, methane and toluene are included in the 

Aspen Plus model via an excel sheet which calculates the fractional gas conversions for a simple CSTR 

model. This gives a first glance at the effect of ilmenite in the dense phase, but the model needs many 

improvements for more accurate results. First, all other reactions should be included in the dense 

phase model. This includes both homogeneous and heterogeneous reactions. In this model it is 

assumed that no secondary reactions take place in the dense phase. The dense phase of a fluidized 

bed will not behave as a CSTR. Modeling of the hydrodynamics and a population balance could 

improve the model results. To do this more details should be known about reactor configuration. One 



 

reactor model can be chosen, like the MILENA model. More details are available for this model than 

for FERCO and TNEE. This can be supplemented with experiments in a fluidized bed to investigate the 

fluidization properties en the solids residence time. Then a comprehensive model for the dense phase 

can be made and compared with the experimental results from the MILENA reactor. 

The results of the Aspen model with the oxygen carrier show that the amount of syngas (H2 and CO) 

in the producer gas drop when the mass fraction of ilmenite is higher. This effect is more pronounced 

for the TNEE model as this reactor is a bubbling fluidized bed with a larger solids residence time than 

the FERCO riser. The conversion of ilmenite is around 32% for the FERCO model and 54% for the TNEE 

model. The toluene conversion however is very low and not significant. This was not expected as the 

activity in the TGA was high. One of the reasons is the lower concentration of toluene. The reaction 

coefficient for toluene was found to be 1.5, but as the results from the TGA are not very accurate, this 

can be wrong. This could result in a large difference in the reactor model. Furthermore due to the 

assumption of total toluene oxidation 18 moles of ilmenite react with one mole of toluene, so the big 

decrease of ilmenite in the TGA only results in a 18 times lower toluene reaction rate. 

Oxygen carrier in the bed material also results in a lower heat duty, because the oxidation reactions 

provide heat in the gasifier. This parameter can be used to make the process autothermal. The heat 

duty however depends on many parameters like the biomass moisture content, the fluidization gas 

and the temperatures of the inlet streams. All these parameters should be taken into account carefully 

in order to find autothermal operation. 

If the effect of the oxygen carrier in the model of this project is compared with findings in literature 

with bed materials like dolomite and olivine the results are clearly different. An increase in syngas 

production as well as a 20 fold tar reduction is reported. The toluene reduction in this model is 

negligible. If the other tar components react in the same way, it is clear that ilmenite does not have 

the same properties as dolomite or olivine. Perhaps these materials have another catalytic effect next 

to the addition of oxygen, which ilmenite does not. If this is the case ilmenite is not a good material 

for use in a biomass gasifier. The authors would strongly recommend doing experiments on tar 

components with both ilmenite and olivine or dolomite to compare the tar destruction abilities. The 

model should then be changed accordingly if another material has better properties. The higher 

syngas production with olivine or dolomite is probably due to char reduction. The capability of these 

materials to catalyze the char gasification should thus also be investigated. 

The author would like to recommend to investigate two main issues: 

- Is ilmenite a good material to use in the solid bed? Experiments with other materials like 

dolomite or olivine could clarify this. If other materials show better results, ilmenite can be 

dropped and more experiments should be done to find the kinetics of the gases with the new 

material. 

- Is the Aspen Plus model appropriate for this kind of reactor. The version of Aspen Plus used in 

this project (V7.3.2) shows many limitations for modeling solids and fluidized bed 

configurations. A newer version of the software complemented with external models, like 

Aspen Costum Modeler or Matlab have better tools and thus make it possible to really 

investigate the behavior of the solids and the different reactor configurations. The model can 

then be extended with more complex kinetics, char gasification and hydrodynamics. 



 

Experiments can complement the knowledge about these phenomena to make the model 

more accurate. 

  



 

10 List of symbols 

Cg 
Bulk gas concentration in dense bed 
(mol m-3) 

εp particle porosity (m3
g

 m-3
p) 

Eact activation energy (J mol-1) εvoid void fraction (m3
g m-3

r) 
ks0 pre-exponential factor (moln-1 m3n-2 s-1) ρi solids density (kg m-3

s) 
MOC molar mass of solid (kg mol-1) ρm molar density (mol m-3) 

n reaction coefficient τchr 
time for complete conversion for 
kinetically controlled reaction (s) 

R ideal gas constant (J mol-1 K-1)   

 r reaction ate (mols m-3
reactor)     

rg grain radius (m)   

T Temperature of the dense bed (K)     
t time (s)   

wi weight fraction of solids i (kgi kg-1
solid)     

X Conversion   
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Appendix A. Excel sheet used for CSTR dense phase 
Import and export sheet 

TREAC 760  FracH2 0.287442  Epssol 0.47 

FmFe2O3 2853.322  FracCO 0.082935  VFlowsol 19.7090522 

Fgas 252.5544  FracCH4 0.017532  Vreac 1.53 

FMOLH2 15.07319  FracTol 0.007698  Vsol 0.7191 

FCO 48.78566       
FMOLCH4 16.53898       
FFe2O3 17.86763       
FH2O 153.5309       
τ 131.3488       
FCHAR 499.532       
FSAND 48276       
FSOL 53640.39       
FMOLTOL 0.257471       

 

Part of conversion calculation and lookup table 

t mFe2O3 mFeO mT wFe2O3 wFeO rH2 rCO rCH4 rTOL rFe2O3 ρbulk X XH2 XCO XCH4 XTOL 

0.000 115.696 0.000 197.856 0.585 0.000 1.912 1.786 0.512 0.016 0.423 4767.320 0.000 0.000 0.000 0.000 0.000 

0.100 115.628 0.061 197.849 0.584 0.000 1.911 1.785 0.512 0.016 0.421 4767.157 0.001 0.000 0.000 0.000 0.000 

0.200 115.561 0.121 197.843 0.584 0.001 1.910 1.784 0.511 0.016 0.420 4766.995 0.001 0.001 0.000 0.000 0.000 

0.300 115.494 0.181 197.836 0.584 0.001 1.909 1.783 0.511 0.016 0.420 4766.833 0.002 0.001 0.001 0.000 0.000 

0.400 115.427 0.242 197.829 0.583 0.001 1.908 1.782 0.511 0.016 0.420 4766.671 0.002 0.001 0.001 0.000 0.000 

0.500 115.360 0.302 197.822 0.583 0.002 1.907 1.781 0.510 0.016 0.420 4766.509 0.003 0.001 0.001 0.000 0.000 

0.600 115.293 0.362 197.815 0.583 0.002 1.906 1.779 0.510 0.016 0.420 4766.347 0.003 0.002 0.001 0.000 0.000 

0.700 115.226 0.423 197.809 0.583 0.002 1.904 1.778 0.510 0.016 0.419 4766.185 0.004 0.002 0.002 0.000 0.000 

0.800 115.159 0.483 197.802 0.582 0.002 1.903 1.777 0.510 0.016 0.419 4766.024 0.005 0.002 0.002 0.001 0.000 

0.900 115.092 0.543 197.795 0.582 0.003 1.902 1.776 0.509 0.016 0.419 4765.862 0.005 0.002 0.002 0.001 0.000 

1.000 115.025 0.603 197.788 0.582 0.003 1.901 1.775 0.509 0.016 0.419 4765.701 0.006 0.003 0.002 0.001 0.000 

1.100 114.958 0.663 197.782 0.581 0.003 1.900 1.774 0.509 0.016 0.418 4765.539 0.006 0.003 0.003 0.001 0.000 

1.200 114.892 0.723 197.775 0.581 0.004 1.899 1.773 0.508 0.016 0.418 4765.378 0.007 0.003 0.003 0.001 0.000 

 

  



 

Constants, bulk concentration and fractional conversion calculation 

ρm 13590  V 1.53  ksH2 0.062 

rg 1.25E-06  R 8.31  ksCO 0.1 

Mact 0.15969  Tk 1033  ksCH4 9.8 

εp 0.12     ksTOL 2.68E-03 

ρFe2O3 5240  mFe2O3 115.6959    
ρFeO 4715  mTiO2 82.16017 

 

EactH2 65000 

ρTiO2 4230  MFeO 0.0718  EactCO 80700 

ρbulk 4713.312     EactCH4 135200 

   Vsol 0.047162  EacthTol 0 

wFe2O3 0.532  Filmenite 1.48983    
wFeO 0     nH2 1 

wTiO2 0.468     nCO 0.8 

εv 0.969175     nCH4 1 

      nTol 1.5 

        
CH2in 0.695263 CH2out 0.494241 0.494225  b 1.45 

CCOin 2.250277 CCOout 2.058762 2.058765  bch4 5.78 

CCH4in 0.762873 CCH4out 0.747723 0.747723  bTol 0.055556 

CTOLin 0.011876 CTOLout 0.011757 0.011757    
        
        
    mol/s    
τ 131.3  Fgas 70.154  Fgasout 70.32059 

X 0.533844  FMOLH2 4.186998  FH2out 2.983479 

XH2 0.242487  FCO 13.55157  FCOout 12.42768 

XCO 0.226444  FMOLCH4 4.594161  FCH4out 4.513616 

XCH4 0.064913  FMOLTOL 0.07152  FTOLout 0.070969 

XTOL 0.001997  FFe2O3 4.963231    
        
FracH2 0.287442       
FracCO 0.082935       
FracCH4 0.017532       
FracTol 0.007698       

 


