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Preface 

: tJtfiC\liMh :Yit~e. · · .........•.•••.•••••. 
· j>~9f;~f;iiE p;Ey~0(f ...... . 

>Qutstllnding .. 
> L!onofThe .• ··.· •. 

Control engineering: never a dull moment ! 

Preface 

The development of this field over the past 30 years has been tremendous and spectacular. 
On the one hand the theoreticians came up with a plethora of concepts, principles, derivations and ... 
papers. 
On the other hand for a long time, the 'practicians' who were responsible for the industrial chemical, 
physical and other processes put their trust in the good old PID-controllers and the human operator. 
Meanwhile the gap between theory and practice has been criticised and discussed many, many times -
mostly with limited success and with little subsequent action. 

Unlike the (wrongly interpreted) dictum by Kippling: "East is East and West is West, and never the twain 
will meet ... " part of theory and practice have met and this meeting has led and continues to lead to 
flowering and to bearing fruit. 

'Process models in tlie control algoritlim' has already proved convincingly to be a healthy principle for a 
wide variety of applications in practice. This also implies that the interaction between theory and practice 
in this area has been intensified and is leading to mutual benefit. 

A lot more could be said about this development. In this preface, however, I have to restrict myself in 
space and coverage. What I really want to underline is the fact that, in choosing this theme for its 
Symposium, the debating society for measurement and control students, 'Hendrik W. Bode', has selected 
an outstanding, an important, and a very timely topic. 
This Symposium is an excellent way to celebrate the 10th anniversary of the debating society! 
Its organization is acknowledged as a service to the engineering community. And also it testifies that, in 
spite of all the problems of university education, there are still students who recognize the challenges and 
who are willing to spend on them time, energy and dedication. 
These are good ingredients for a successful Symposium! 

Pieter Eykhoff 
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Welcome 

Welcome on behalf of the Symposium Committee 

Welcome on this Thursday morning, 3 June 1993. The doors of the Auditorium at the Eindhoven 
University of Technology have been widely opened for you to participate in our symposium "Process 
Models in the Control Algorithm". 

Using mailings, leaflets, posters and even verbal advertisement, we succeeded to lure you to our 
symposium. For one day separated from your undoubtedly busy and important activities at company or 
university. We hope you will not regret your attendance and that you will be more knowledgeable or even 
wiser by the end of the day. It would really please us if, eventually, this new knowledge provides you (in 
a direct or an indirect manner) with more control over your process(es). 

As mentioned before, this symposium was organized to celebrate the tenth anniversary of "meet
en regeldispuut Hendrik W. Bode". Dispuut Bode is the student organization on measurement and 
control of the Eindhoven University of Technology. Consultation with the scientific staff of the 
Department of Electrical Engineering provided the theme "Process Models in the Control Algorithm". It 
stresses the multidisciplinary character of our organization and, at the same time, is a very relevant topic 
in industry. 

We use this occasion to express our gratitude to professors Eykhoff and Backx for their shared 
wisdom. We thank Carla van Hooijdonk and Leo Balmer for their advice and for making available their 
network of contacts, as well as Peter Peels, designer of the Reproduction and Photography Group. Out 
of our confused ideas he created a "home style" that is worth another look (at this moment the poster 
decorates our livings and it will in future time as well). 

For their financial aid we warmly thank our sponsors. Because of its generosity we mention here 
particularly our principal sponsor -TPL-Tecnologie Progetti Lavori S.pA.-. 

That you may have an interesting as well as a pleasent day is the sincere wish of 

The Symposium Committee 
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Programme 

Programme 

08.30 Reception and registration 

09.00 Opening by Prof.dr.ir. P. Eykhoff (TV Eindhoven), chairman 

09.10 Advances of Model Based Approaches 
Dr. J. Richalet, ADERSA, France 

09.45 Theoretical Model Building 
Prof.ir. J. Grievink, TV Delft 

10.30 Coffee break 

10.50 Industrial Applications of process identification techniques 
Prof.dr.ir. A.c. Backx, TV Eindhoven/IPCaS 

11.35 Model-based Control 
Prof.ir. a.H. Bosgra, TV Delft 

12.20 Lunch and demonstrations 

13.45 Control of a Fluidized Bed Reactor for Ethylene Polymerization 
Ir. M. Post, IPCaS 

14.30 Industrial Application of Model Based Predictive Control 
Ir. C.W. Hart, ABB, England 

15.15 Coffee break and demonstrations 

16.00 Forum discussion 

16.45 Commentary by Prof.dr.ir. P. Eykhoff 

17.00 A drink offered by Asea Brown Boveri 

18.00 Closing of symposium 

.. 
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Advances of Model Based Approaches 

ClimcuiuniVitae . 
Dr. i Rlchaiet 

': ADERsA, Frallce 

1.1 

. la¢ijuesRichaiet wasbom in Versailles (F) . iii 1936. He received theengin
eeriiig degree from · the · Ecole Naito/lale . Sliperieure .. del'Aerontiu#que 

. (ENSAe) . iIi 1960; .. · an fJ:S.in .· Elkctrica/ Engineering fomi ·· tlte ·. U,iive,.sUY of 
Califo.niia(Berketey~Prof. . Zadeh );Ii . J961,and . th¢DOctotiltell .MatMm

... . atiqzi~s Appliqileesfonnt'uiUnlversiiyofParisiIl1965~ Froln1962to19?1 
he Was wltiztJieresearch< centre CER.A, Ionn the ENSAi and th~li. ill 1971 
l!efoiu:ldedanon~profito~aI~il;allQA(ADEksA) .whiClJis ···dJdtcated to . 

.. tl!~ti:;do[?;'::ff i;~~i~~7J::~~.O:l··~~~~~~Zf;er;!;;e ii:~~~ ~de~~cZ~~j· .. t~~.; ..... 
partitlliar t/zeintmdlictionof glopal methods, and iii Model Ba~edj>redidive 
COIiffol wllicli he was the first to bltrodlice ill the [ate 60's. Dr. Ric!uile(is< 
the (llithor of tWo books 011 Identifi~ation alid several plipei'so~¥odel 
. Based Predictive · COlltrol. He is · theclii;(i71lan . of thebiterestgroitpClDI c: 

(Coiiljllltei' lllfegi;afed Desig,lo/ · Industrial . Control) · dedicatedtodissemi/iaiion, · appiictitionSc · alld 
···· . r.esearch in the . field of MBPCCIDIC is suppOltedby ESPEuT-CRIME'oFthe Eic (Eii/6pean 
. Econohiic Coi7lnlunily). . . .. . . .. 

1 Advances of Model Based Approaches 

Jacques Richalet 

1.1 Types of modelling 

There are mainly two types of modelling 

First principles models: Constructed on the 
laws of physics, classical breakdown analysis of 
the engineering type. 

Advantages: generic, permits understanding 
and design 

Disadvantages: heavy, expensive, difficult to 
identify because over-parametrized. 

Black box-models: Mathematical "game". No 
physical interpretation: cheap and easy to ident
ify but local and limited. 

In practice: modelling IS always a mixture of 
these two approaches. 

How good is a model ? Difficult to assess but a 
model is not acceptable when: 

- predictability criterion is not good enough, 
for instance, due to a too elementary 
characterisation (order, linearity ... ). State 
criterion is too high. 

- parametric uncertainty. Iso-distance domain 
is too wide or open. Test signals are not 
adapted to process characteristics. That can 
be evaluated by the observation of the iso
distance domain. It often happens with physi
cal models. 

A model then appears to be good when there is 
an equilibrium between the complexity of the 
hypothesis of the characterization and the rich
ness of the information content of the test sig
nals. 
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Advances of Model Based Approaches 

1.2 Identification procedure 

Very diverse operation conditions: on line, off
line, open or closed loops, etc. 

Powerful methods but the most complete are : 
"Global Methods" which are now accessible. 
They provide with a description of the whole 
parametric space, which yields: 

- parameters uncertainty: iso-distance domain 
- sensitizing effect of the test signals. 

Then it turns out, with experience, that identifi
cation, on a professional basis, becomes a syn
thesis problem: design, for an assumed process, 
of the "best" test signals protocol, to respect 
operational constraints: amplitude, duration, 
etc .. , and not to perturb production. Low ampli
tude and long test duration in production indus
try for instance, or large amplitude and short 
test in mechatronics. Test signal protocol 
appears to be the result of a deterministic 
design and P.R.R.N. is to be avoided (demon
stration fig. 1.1). 

1.3 Use of modelling 

1.3.1 Model Based Predictive Control 

Based on four principles (fig. 1.2): 

- internal model : black box model, in the con
trol computer 

- reference trajectory : defines the closed loop 
behaviour 

- structuration of the future manipulated vari
able on functional basics 
self compensation module : analyses the 
model-process error. 

Applied in all fields : slow process (about 600 
units in the world) and fast follow-up servo sys
tems (robots, rolling mills, automative, defence). 

Advantages 

- handles in an objective and efficient way 
the trade-off between robustness and 
dynamics : 

1.3 

- no explicit integrator nor derivative in 
thecontroller so that no anti-wind up pro
cedure is needed. No effect of noise ; 

- generic: mono, multi, non well behaved 
systems, stable or unstable, undamped sys
tems, etc ... ; 

- handles constraints on manipulated and 
state variables, which allows optimization 
by respecting constraints in the time 
domain. Main reason for the industrial 
success of this method; 

- easy to tune: parameters have a physical 
sense. 

Disadvantages: 

- needs a model. In fact most of the time is 
spent on modelling. Controller design is 
made easy by CAD packages; 

- more computations in real time than PID. 
Problem with very fast processes (sampl
ing period less than 1 ms); 

- "new method"; open minded management 
(first commissioning in 1973). Dissemina
tion is very diverse and depends on fields, 
countries, companies ... 

Market will expand rapidly through engineering 
companies, hardware vendors, and process 
licensors, when the control strategy will be 
included in the process. 

1.3.2 Diagnosis 

Process structure is perturbed by wear and 
working conditions. Traceability of the inner 
state of health of the process is to be moni
tored. 

Control of variables is insured by state control
ler, whilst parameter control is insured by Pre
dictive Model Based Diagnosis, in the parame
ter space (fig. 1.3). 

The target is to: 
- have the process in good working conditions 

to insure quality: 
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Past n Future 
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Figure 1.2 Predictive Control 
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Advances of Model Based Approaches 
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1.5 

control specialists belonging 
to an other company. That 
procedure will progressively 
disappear. Processes will be 
designed with taking into 
account, right from the 
beginning, the possibility of 
control to interfere with the 
physical design. For instance: 

- design of naturally 
unstable aircraft artificially 
stabilized for the benefit 
of static performances; 

- design of light and flexible 
mechanical systems with 
undamped modes to be 
damped by active control 

In all fields that approach is 
nowadays accessible due to 
workstations capabilities, 
modelling modules, simula
tion techniques and con
nected control techniques 
based on models. 

\ 

1:C1..--__ ~I_D_~ _f-_-a~i.~~.~1 ~M~_ ~:_ -_ ------J--.I,.--S-M ....... 

Difficulties are not so much 
technical, they originate in 
management and human 
problems. 

Figure 1.3 State alld St1llctural Control 

- have the process always ready to be engaged 
when necessary and not in maintenance or 
repair; 

- help maintenance team to diagnose when 
called upon for repair. 

1.3.3 Integrated Design 

The classical design procedure goes first by 
physical static design made by one team of pro
cess experts. The project is then passed over to 

1.4 Progress 

The excellent connection between users and 
academic institutions is a guaranty for fast prog
ress: no gap in the field of model based tech
niques. However system approach and dynamic 
modelling are not sufficiently taught at schooL 
Training in dynamic modelling should not be 
limited to control departments but all engineer
ing departments should be involved. Dynamic 
modelling and simulation should be the basic 
foundation of advanced engineering. Conserva-

Process Models in the Control Algorithm 
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tism of courses time allocation should be fought. 

REFERENCES 
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2 Theoretical Model Building 

J. Grievink 

2.1 Introduction 

A theoretical model for process control describes 
the evolution in time (and space) of a relevant 
set of physicochemical events in a process. The 
internal mathematical structure of the model 
represents the physical and chemical 'laws' gov
erning the evolution. Theoretical models are 
also designated as: 'first-principles' or 'funda
mental' or 'rigorous' models, in distinction from 
'black-box', 'grey-box' or 'identification' models. 
This latter class of models provides a mathemat
ically parsimonious description of a process, 
ignoring the internal physical structure of the 
process. A main issue of modeJling in control 
theory is to what extent theoretical models are 
needed, since many 'complicated systems can be 
controlled by feedback on the basis of quite 
simple models', [Fleming, 1988]. 
The major reasons for developing such models 
are of a different nature. In order of potential 
economic impact they read: 

* to improve the design of a process with 
respect to its operability features; 

* to monitor the performance of a plant 
and optimise its operation; 

* to design a control system and analyse its 
potential performance; 

* to include in a control algorithm (e.g. in 
nonlinear model based control). 

Although very few applications of rigorous 
dynamic process models in the control algorithm 
have been reported to date, the increasing use 
of dynamic rigorous models in the design of the 
process and the control system opens up the 
road to such applications. Before further elabor
ating such future applications, let us first 
address the technology to develope rigorous 
dynamic models and the progress made in 
dynamic simulations with such models. 

2.2 Development of rigorous models 

The development of a 'rigorous'process model is 
just as much an art as a scientific skill. The art 
aspect mainly emerges in defining the scope of a 
model: i.e. 

* what must be predicted and what fidelity 
is required; 

* what is the required domain of applicabil
ity; 

Process Models in the Control Algorithm 
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* what are the boundaries of the to 
be modelled; 

* what degree of internal physicochemical 

* 
is needed; 

can the 
model verified; 

capability of the 

* what computational complexity can be 
allowed. 

Frequently, trade-oCfs have to made in tailor
ing a model to the intended purpose. This 
requires significant modelling as well 
as a good of the process design 
and control application at 
Another characteristic 
modelling is the that even these 
never truly fundamental to the level. Pro
cess models contain always approximations at 
the smaller scale in space and events 
on the molecular scale are always 
rel)re:selrlte:o through 'rate laws' on a continuum, 
macroscopic scale. Similarly, at the upper scale 
in space and decisions have to be made 
what will ignored in description; 
e.g. the annual seasonal changes and their 

on a process. The purpose of the model 
determines such boundaries will be 
drawn. These decisions require 

The major consequence of the 
modelling approximations is the need to validate 
the model experimental 

The scientific skills play a 
a model systematically both from and 

of view. Each model has a 
number of standard 'attributes', which 
more than just the set of equations of a 
It is very important to be complete in 

attributes in documentation of a 
model. Especially, if the users or the persons 
who will do the maintenance of a model, are 
other persons than the developers. The common 

are: 
1. purpose of application; 
2. boundaries of system In space and 

3. modelling assumptions and simplifications; 
4. model 
5. domain of validity of model (both for 

independent and dependent variables); 
6. characterisation of in model. 

However, it is realistic to note that in practice 
most attention goes to the equations; the des-

Process Models in the Control/il:E'ofHnm 

17!eoretical Model 

cription of the domain of validity and the 
characterisation of uncertainty remain 

underexposed. perception that aU 
these attributes are important in characterising 
a is of recent date. This awareness results 
a extent from many nr'U'I1lr:<, 

occurring in the of """" .... , 
opers to customers in industry and from abuse 

models due to descriptions. 

the physical structure of 
models has been known for a time, limita-
tions in computing and storage 
modellers in the past to compress models as 
much as possible. This practice in elab
orate eliminations and substitutions, reducing 

number variables and equations substantially 
while the 
physicochemical structure. Fortunately, current 
computing power to the physical 
structure the equations The laws 
of conservation for mass, energy, momentum and 
electrical charge form backbone of any th
eoretical model. However, must com
plemented by rate laws, describing the rates of 
transfer of mass, energy, momentum and electri
cal internally in the system and between 
the system and its environment. Chemical reac
tioll rates describe the disappearance or forma
tion of chemical species in a system. It is in the 
rate laws that most of the approxima
tions appear. Many a rate law is a mixture a 
fundamentally based structure for the rate expr
ession and experimentally determined 
parameter values. The thennodynamic equations 
of state relates the of a ther-

(e.g. density, heat, 
viscosity) to the intensive state variables in a 
point in space and time, temperature, 
pressure and mass fractions of the chemical 

for an open Multiple tilennody-
namic phases (vapour, liquids, solid) can occur 
in a system, where at the interface between the 

of thermal, mechanical and 
chemical equilibrium are 

progress made in rigorous modelling is 
mainly due to much more accurate 
thermodynamic equations of state and rate 
equations. has enhanced the predictive 

very substantially. Yet, the point of 
ultimate perfection is still far removed. For 
instance, our ability to deal with complex flow 
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situations is very limited. The momentum bal
ances are virtually always replaced by semi-emp
irical pressure drop equations and the flow pat
terns are approximated by 'plug flow' or 'ideal 
mixing'. The result of such simplifications are 
that spatially distributed systems are replaced by 
either spatially homogeneous or one-dimension
al approximations. Another limitation lies in the 
handling of non-regular chemical species, which 
exhibit some kind of a distribution: e.g. crystal 
size or polymer molecular mass or boiling 
points. 

The mathematical stmcture of the rigorous 
models is often a set of coupled nonlinear ordi
nary Differential and Algebraic Equations (DA
E's) for spatially uniform systems (e.g. well
mixed reactors or distillation trays) or a set of 
coupled Partial Differential Equations (PDE's) in 
one space dimension and in time for a distrib
uted system, such as packed bed reactors or 
distillation columns. The OEA or POE models 
should ideally be complemented by a set of 
inequality constraints, delineating the domain of 
validity of the model. 

It can happen that the description of a physi
cal system requires multiple, different models, 
each valid in separate (but adjacent) domains. 
Boundary conditions mark the transition from 
one domain to another. Such a situation occurs 
for instance if thermodynamic phases merge or 
split, depending on thermodynamic stability 
criteria. Thus, the transition from one domain 
to another is often not known as function of 
time but as a function of the local state of the 
system. 

The solution methods for the models are dis
cussed in the section on process simulations. 

2.3 Validation of process models 

The validation of a rigorous process model is 
necessary because of the approximations and 
simplifications made by enforcing a 'closure' of 
the model at the lower scales of time and space. 
The practical implications are that the numeri
cal values of several physicochemical parame
ters, such as those in the expressions for the 
reaction, mass and heat transfer rates, have to 

2.3 

be derived from experimental data. 
In validating a model advantage is taken of 

its physical background: the number of unknown 
parameters is often limited and their physical 
interpretations are clear. More important, the 
validation can proceed in a decoupled way. Each 
phenomenon in the system, which is rigorously 
described and is independent of the other 
phenomenae at a fundamental level, can be 
validated separately. This property is applied to 
split the validation into a number of validations 
of subsystems. Such as, determining the 
unknown reaction rate constants in a dedicated 
experimental set-up for reaction kinetic studies, 
measuring phase equilibrium data in another 
dedicated set-up. This approach implies that for 
each subsystem to be validated a separate experi
mental set-up and a 'learning' model of the set-up 
is required. The learning model is needed for 
statistical pararneter estimations. 

A common problem in such model validation 
is scarcity of good data, even when dedicated 
experiments are performed. Obtaining a suffi
cient variety of data, allowing to derive accurate 
statistical parameter estimates, would often 
require an extensive experimental programme. 
Because of the costs involved in performing 
such a programme, the effort is brought back to 
the bare minimum and often all apriori theoreti
cal knowledge about relationsships between para
meters has to be exploited as the second source 
of information. 

A second problem is of a computational 
nature. The solution of the estimation problem 
forces to imbed the 'learning models' in a para
meter estimation algorithm. Since a learning 
model can be a OAE model of substantial size 
(up to 50 equations is not uncommon) the 
repetitive solution of the learning model in the 
course of the statistical estimation requires great 
care with respect to numerical efficiency. This 
implies virtually always that the parametric sensi
tivity equations, i.e. the OAE's which describe 
the evolution in time of the partial derivatives of 
the observed response variables with respect to 
the unknown parameters, must be formulated 
analytically and solved simultaneously with the 
learning model equations. How this is handled 
best depends on the nature of the numerical 
integration algorithm. 

The outcome of the parameter estimation pro-
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vides also a part of the uncertainty description 
of the model. The covariance matrix of the para
meter estimates represents the parameter uncer
tainties, which can be uitilised to compute the 
corresponding covariance matrix of model out
puts. 

The validation effort, including experiments 
and computations, is the most expensive part of 
the entire model development. It can take up to 
80 % of the total modelling effort. It is highly 
knowledge and labour intensive. As a result the 
costs can range between 100 and 1000 k$. 

2.4 Dynamic process simulations 

The area of dynamic process simulation has 
made substantial steps forward in the previous 
decade. A very recent overview of the current 
status in the dynamic process simulation field is 
given by Pant elides and Barton [Pantelides, 
1992]. For large scale simulation problems the 
equation oriented methods seem on the way to 
overtake the block based techniques. 

The current generation of equation based 
dynamic simulators (e.g. SPEED-UP of ASPEN 
Technology, DIVA of the UNiv. of Stuttgart) 
can handle fairly large scale DAE models. For 
instance, a distillation column involving 50 trays 
and 5 components with mass- and heattransfer
limitations can comprise 50 '" (5 + 1) '" 2 = 600 
differential equations, coupled with 50 '" 5 '" 2 = 

500 algebraic equations, can be treated easily 
with respect to size. However, experiences at 
the Technical University of Delft with SPEED
UP indicate, that the state-of-the-art in dynamic 
simulation does not yet match the robustness 
and user-friendliness of steady-state process 
simulation. The current generation of dynamic 
process simulators has distinctly a number of 
serious practical limitations: 

'" difficulties in handling of high index D
AE's; (algebraic equations are singular 
with respect to non-differential variables; 
this feature is specific to the problem, not 
the solver) 

'" poor facilities for dealing with PDE's in 
general; (the PDE's must be transformed 
into DAE's) 

'" (too) slow in dealing with multi-domain 
models with implicit discontinuities; (e.g. 
thermodynamic phase splitting or merg-

Process Models in the Control Algorithm 
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ing) 
'" discrete control tasks or events are hard 

to combine with the continuous models. 

The ability to combine discrete control actions 

Tobie 21 Elements of a dynamic chemical plant 
model and its control 

Main struc- Related attributes 
ture 

1. Plant a. Type of unit (reactor, 
structure distil. col., valve) 

b. Stream connections 
and recycles 

c. Location of sensors 
and actuators 

2. Unit a. Changes in mass, 
models energy hold-up 

b. Transportation at mac-
ro scale of mass and 
energy through flows 

c. Rate progresses at 
micro scale; e.g. reac-
tion kinetics, diffusion 

d. Phase equilibria; e.g. 
vapour/liquid 

3. Control a. Type of controller (e.g. 
structure PID,IDCOM) 

b. Digital sampling fre-
quencies 

c. Controller pairings 

4. Controller a. Control law (continu-
models ous) or actions (dis-

crete) 
b. Model of controlled 

unit (e.g. linear, state-
space representation) 

c. Model of observer (if 
any) 

5. Oper- a. Preferred operational 
ational trajectories 
conditions b. Disturbance or failure 

patterns 

with continuous process behaviour is especially 
important for control design and analysis 
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studies. The elements of a dynamic plant model 
and its control system are listed in Table I. If 
model predictive control is applied, the control
ler contains a (non)linear model of the process 
to be controlled. The control actions will be 
discrete and possibly stepwise. This implies 
frequent restarts of the integration of the con
tinuous, dynamic equations after the occurrence 
of a discrete event. The restarts must be fast to 
maintain sufficient speed. The effort to compute 
each control action can be substantial. It may 
require the solution of several optimisation 
problems, i.e. to obtain an estimate of the state 
of the process and to compute the future, 
optimal control steps. Work on the next gener
ation of process simulators, for instance g
PROMS of Imperial College, addresses these 
issues [Pantelides,1992] and creates the condi
tions for applying process models in the control 
algorithms. 

2.5 Areas of applications 

Rigorous models are indispensable for the (re)
design of a process and its controL DOW 
Benelux B.V. [Bouwens and Kosters,1992] have 
reported an interesting industrial case, showing 
the importance of assessing control performance 
in the integrated plant during a (re)design stage. 
In their case the controller having poorest con
trol performance for a stand-alone process unit, 
gave best performance when that unit was inte
grated in the plant. 

Rigorous models are equally indispensable 
for batch processes and continuous processes 
where changes in workpoints induce nonlinear 
dynamic behaviour. The model can be applied 
to monitor and predict plant behaviour and, to 
optimise performance over time (off-line). 

On-line, real-time use of rigorous models in 
a control algorithm will become feasible if very 
efficient and robust solution methods are 
applied in combination with models trimmed to 
the bare minimum. The development of tech
niques to generate small models preserving the 
right nonlinear characteristics from more com
prehensive ones is a necessary step. Another 
step forward could be parallel computing, allow
ing to solve many process unit models in paral
lel. However, this route will require the develop
ment of entirely new simulation technology. 

2.5 

Given the costs of making rigorous models it 
can only be justified for the strategic plants of a 
company. For new processes a different picture 
emerges. Since steady-state models are made 
anyway to support the development and process 
design studies, an extension to a rigorous 
dynamic model seems possible for relatively 
small additional expense. 

2.6 Conclusions 

Progress in rigorous dynamic modelling is main· 
ly due to big leaps in computing capabilities and 
the more accurate descriptions of the physical 
rate phenomena. 

The major bottleneck with respect to model 
development is the effort required for model 
validation. It is recommended that for new pro-
cesses rigorous dynamic models are developed 
jointly with the steady-state models as an inte
gral part of the entire process development pro· 
gramme (at relatively small additional expense). 
For ease of model transfer and maintenance all 
attributes of the model should be documented, 
not only the equations. 

The direct benefits of rigorous models are in 
the design stage of the process and its control 
system. For intrinsically nonlinear, dynamic 
processes such models are also very useful to 
monitor and optimise plant performance. 
The on-line use in control algorithms is prob
ably furthest removed from practical applicabil
ity. To achieve that goal better techniques for 
model reduction are needed and lor substantial 
improvements in computing power. 
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3 Industrial application of process identification techniques1 

Ton Backx 

Abstract 

This paper describes some main engineering aspects of the application of process identification 
techniques for the design of robust, high performance industrial control systems. The importance of 
accurate modelling of relevant process dynamics is outlined. An identification procedure is discussed that 
robustly results in compact accurate models of all relevant process dynamics. The models obtained from 
process identification are embedded in internal model based control systems. The techniques discussed 
have been succesfully applied to many different processes. 

Keywords:Process Control, System Identification, Process Modelling 

3.1 Introduction 

Industries are nowadays confronted with a very dynamic and hardly predictable marketplace. Due to 
large production capacities in almost all industry segments the market is turned into a full customer 
oriented market. Process industries have to operate their production processes in ever closer agreement 

'This article is in an extended form also presented at the 2nd European Control Conference 
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with market and market demands to remain competitive and profitable [Garcia, 
Morari, 1988J. 
Evolution of the showing world wide competition in many of industry and 
social attention for environmental related to 
resulted in a need reliable and tools to operate processes at maximum 
with total quality control and with maximum flexibility. A trend is observed towards increasing demands 
with respect to products that have to be produced with installations and process 
equipment. At the same time products have to meet tighter This innovation rPf"''''PC 

flexibility in the use of existing production with minor adjustments in process hardware 
for the production of existing and new Plants have to be to be general purpose 
where the operation and control of these has to enable of the various in 
accordance with actual demands. 

forced to operate with low margins and 
to survive. "",""uaUl,,, and profitable rm,p,..,>,t.r.,n 

mentioned 

remain profitable in 
low margins and 
of processes in a very 

\Au,,-.aVl..., way. knowledge of dynamic behaviour of critical units depicted in the form of a 
mathematical model and extensive use of this knowledge for operation and control is crucial to meet the 
indicated demands. 
The classical 
techniques in 
dynamics. 

for modelling of relevant unit process dynamics is modelling. These 
appear not to be very well suited for accurate modelling of all relevant process 

By the end of the fifties people started of process on 
the basis of observed input output behaviour [Zadeh, seventies these process 

for single input identification on the basis of a stochastic 
well understood Eykhoff, 1974]. The decade these process 

have matured to a level that starts suiting the requirements for accurate 
modelling of relevant dynamics of industrial processes [Ljung, 1983, 1987; Swaanenburg, 1985; Willems, 
1986, 1987; Backx, 1992; Soderstrom, 1989; Wahlberg, 1989, 1991; 1992}. Some of 
techniques enable true multi input multi output identification [e.g. 1987]. 
Simultaneously, have been developed for the design of model control systems for robust 
multivariable control of industrial unit processes 1978; Cutler, Doyle, 1982, 1984, 
1991, 1992; Maciejowski, 1989; 1989; 1991]. These 
techniques with in-line model techniques of unit processes 
so that undesired properties the are compensated for and that just desired behaviour 
is observed at the process outputs. Of course the compensation dynamic process 

is internal of the process as compensation has to be done 
through appropriate variations of manipulated within operating constraints. These techniques 
give flexibility in of unit processes and allow for adjustment of process characteristics in 
accordance with momentaneous demands. 
Operation of a plant in accordance with above demands requires fully integrated optimal control 
of aU interacting processes, which contribute to the of the 
Decisions taken at level with to product types, 
materials and products have to result in most economic 
in time, in the at the demanded 
An outline of the relation process control and industrial needs is in section 2. Modelling of 
relevant process appears to be of crucial importance for the robust high performance 
multivariable unit process control systems. aspects related to modelling of relevant 
process dynamics are in section 3. Use of mathematical models inside control systems for 
prediction of process behaviour has become a approach for multivariable control system 
Internal model control strategies and model predictive control have defacto standards in 
industry. Realization of performance and robustness simultaneously in the control of critical 
unit processes the use of new and system Section 4 
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an outline of these techniques and their application in industry. 

3.2 Industrial needs and the relation with process control 

Operation of industrial processes already has drastically changed over the past decade. This change can 
be considered to be the first result of the evolution of computer technology of the past decades. 
Automation of processes on the basis of latest computer and control technology is enabling operation of 
these processes in a very flexible way. 

Primary 
control 

Production $e~ md modfi bned dynamic: pant p..-fOf'fnll'lctl 

optimiz.lti<:wI 

Figure 3.1 Hierarchical process control 

Todays technology starts to allow for operation of processes at low margins in a very predictable way. 
Production scheduling already can be adjusted on the basis of momentarily market and production 
priorities and technical difficulties. This can be compared with operation of a plant in a way as flying an 
airplane at extremely low altitude at high speed through a valley with hills. Processes can with todays 
technology be operated efficiently, flexibly at the demanded quality level enabling operation in a 
predictable way. This indeed allows for production at low margins without endangering profit. Combina
tion of process technology and control technology even makes design of processes with complete new 
capabilities possible, where control systems compensate for undesired process properties and allow less 
robust process designs. The main advantage of a combined design of a process and an additional model 
based control system is its flexibility in operation. Processes get a General Purpose character whereas the 
control systems determine the momentarily properties, qualities and behaviour. 
Process operation close to the process constraints requires an hierarchical approach (cf. Fig. 3.1). The 
first levels of control, which can be discerned in this approach, are: 

level 0 -level 1 -. 
level 2 -level 3 -. 
level 4 -level 5 -. 

field instrumentation and primary signal processing 
primary process control 
unit process control 
constraint handling and optimization of unit process dynamics 
dynamic plant performance optimization 
production optimization 
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The primaQ' process control level covers the control of primary, mostly physical, process inputs (e.g. 
pressure, flow, force, velocity, speed, ... ). Control of these variables is mainly done by S1S0 PID control 
systems. Depending upon the specific process input configuration, physical properties, applied sen
sors/ actuators and the operating range of the variable the applied control system tuning can be fixed or 
automatically adjusted (autotuning, gain scheduling, ... ). The primary control systems in general result in 
a smoothly responding linear or weakly non-linear response of the controlled primary process input 
variables. The setpoints of the primary controllers are the manipulated variables for the unit process 
control systems. 

The unit process control level in general covers the model based control of a MIMO unit process. A unit 
process is a part of a plant consisting of a set of process input variables, which can be manipulated within 
a well defined operating range, a set of process disturbances, which cannot be manipulated and a set of 
process output variables, which have to be controlled in accordance with given specifications (cf. Fig.3.2). 
Control at this level mostly requires model based MIMO control as the unit processes are true multi 
input multi output systems with strong dynamic interactions between the various manipulated variables 
and controlled variables. Especially for critical unit processes -processes that predominantly determine 
overall plant performance- adquate manipulation of the MIMO dynamics in general significantly 
improves overall plant performance. 

) Disturbances 

Figure 3.2 Unit process 

As the transfers between manipulated variables and controlled variables of these unit processes are 
usually smoothly nonlinear and while they are often operated in specific operating points or operating 
ranges their dynamic behaviour can well be approximated by a set of linear models F, which describes 
the process dynamics in the selected operating points. 

yet) = 1"(Yo,Uo,u(t» 

with: y(t) 
u(t) 
Yo 
Uo 

~ 

process outputs. dim[y]: q 
process inputs, dim[u]: p 
nominal process output 
nominal process input 

linear approximation in operating point 
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The dynamic properties of these unit processes are mainly determined by the dynamic properties of the 
internal mechanical, physical, chemical, biological processes and of the applied process equipment. The 
unit processes are quite often showing nondesired dynamic behaviour like overshoots, badly damped 
oscillations, combined fast and slow dynamics resulting in slowly drifting output responses on input 
manipulations, as this behaviour is inherent part of the original process and its corresponding equipment 
design. Furthermore the disturbances acting upon the unit processes often cause a too large variance of 
the process outputs. 
Model based control systems enable manipulation of system dynamics Up to physical process constraints 
and can compensate a significant part of the disturbances at the controlled process outputs. They may 
not only compensate for the non-desired system properties by appropriate system input manipulations on 
the basis of known system behaviour, they also enable decoupling, smooth setpoint tracking and adequate 
disturbance rejection. Application of state-of-the-art System Theory results in extensive degrees of 
freedom for manipulation of process dynamics in accordance with desired system characteristics defined 
in control system design criteria. The difficulty encountered however is the translation of desired process 
response criteria into control system design criteria. Response criteria like 'overshoot', 'rise time', 
'response time', 'crosstalk', etc .. for the various input/output transfers have to be translated into 
appropriate weighting functions in the mathematical criteria available for controller design and 
optimization or have to be satisfied by using numerical optimization techniques. Design criteria available 
from system theory are the H2-optimal controller, which minimizes the 2-norm (-average value-) of the 
sensitivity operator (-transfer of output disturbance to the process outputs·) with input weight WI and 
output weight W 2: 

min IIW2EWll~= 

C 

1 

min J 00 trace[(W 2EW 1)T (W 2EW 1)] dro 
-00 

C 21t 

(2.2) 

with: E - sensitivity operator E = (I + PC)"' 
P - process transfer function 
C - controller transfer function 

and the controller, which minimizes the oa-norm ("maximum value-) of the weighted sensitivity function: 

min IIW2EW1IL =min sup cr (W
2
EW

1
(iro)) 

ceO} 

with: a - maximum singular value of the 
sensitivity function 

(2.3) 
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A useful model predictive control system structure is the Internal Model based Control (IMC) system. 
The most general form of the internal model based control system [Backx, 1987; Morari, 1989] is 
depicted in Fig. 3.3. This scheme contains separate controllers for feedback disturbance rejection, 
feedforward setpoint tracking and feedforward disturbance compensation. Each of these controllers can 
be designed on the basis of the modelled process and disturbance dynamics. Design of the feedback 
controller can be done with H. control system design techniques. The feedforward setpoint compensator 
is designed in such a way that changes in the operating point of the process in general will not violate 
operating constraints of the process. The feedforward disturbance compensator compensates measured 
disturbances by using known disturbance transfer characteristics. As the model does not simulate 
disturbances, the disturbances reconstructed by the model in the disturbance compensator need not only 
be subtracted from the error signal, but must be added to the model outputs as well (cf. Fig. 3.3). 

Figure 3.3 Internal Model Based Control Scheme 

Process 
outputs 

A special module in the control scheme is the constraint handler. It is a module that minimizes a 
quadratic criterion function J, which describes the difference between outputs desired by the controllers 
and outputs that can actually be realized without violating both amplitude and speed constraints on 
inputs, outputs and states of the process. 

min J = min lIyp- Yell2 
C C 

with: yp - expected process outputs after process 

manipulation 
Ye - desired process outputs generated by the 

controllers 
C - set of constraints (amplitudes and speeds on 

inputs, outputs and states) 

(2.4) 

This constraint handler has to prevent operation of the process outside its operating constraints. The 
constraints handler uses the process model to simulate process responses over some horizon and to 
detect wether constraints at inputs, outputs or states are violated. The constraint handler will adjust the 
signals transferred so that no violation of constraints will occur in future. The constraint handler 
interfaces the unit process control level and the unit process optimization level in the control hierarchy 
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(cf. Fig. 3.1). 

The unit process optimization level takes care of optimal operation of the supervised unit processes. This 
implies operation of the unit processes up to physical or operational constraints in accordance with 
requirements determined by overall dynamic performance optimization for the whole plant. The unit 
processes usually have more manipulated variables than controlled variables. The corresponding degrees 
of freedom can be used for further optimization of unit process operation. Options for using these 
additional degrees of freedom are: 

introduction of additional, so called, soft constraints 
operation of (some) input variables at preferred values, the so called 'Ideal resting 
values' 
minimization of an additional criterion that will mostly be related to operation econ
omics 

The soft constraint values and the ideal resting values depend upon instantaneous operating conditions of 
the plant. These values have to be determined from plant wide optimization. 

The dynamic plant per[onnance optimization level covers the optimization of overall plant performance. 
Production schedules are determined on the basis known characteristics of the production facilities. Up 
to date information on process capabilities and production planning information are used to calculate the 
best schedules with corresponding process operation conditions. All costs, including changeover costs are 
included for the calculation of the best production schedule. 
In general linear programming techniques on the basis of steady state plant simulation are used nowadays 
for determination of the 'best' operating conditions for each of the unit processes. Optimization criteria 
mainly reflect product quality properties and operation economics. 
Further optimization can be achieved by using rigorolls dynamic model based simulators for the critical 
unit processes and by execution of the optimization including all relevant process dynamics. Special data 
reconciliation techniques are required in this case for updating the data generated by the rigorous 
process models so that simulation results are reliable reflections of real process behaviour. 
As a result of the optimization the best operating conditions for each of the unit processes are 
determined. These conditions include the setpoint values, soft constraints, ideal resting values and 
additional optimization criteria for the model based unit process control systems. 

The Production optimizqtion level covers overall optimization of production. At this level optimal 
production planning is determined considering the products requested by the market, required 
maintenance of installations and equipment and total production costs related to suggested production 
schedules. The optimization is based on ecomic models of operation of the production facilities, product 
and material (e.g. feedstock, raw materials, intermediate products, ... ) prices, maintenance costs etc. As a 
result of the optimization a target planning is obtained, which is used to determine a best corresponding 
production schedule. 

3.3 Engineering aspects of modelling of relevant process dynamics 

Optimum operation of processes requires knowledge of all relevant dynamics of the process transfers 
represented in the form of a compact mathematical model. Relevant process dynamics are the dynamics, 
which can be used for significantly influencing the behaviour of the process output variables (cf. Fig. 3.2). 
The relevance of dynamics is in practice determined by: 

the operating range and operating constraints of process inputs; 
the range and operating constraints of process outputs; 
the resolution of the measurements of the output variables; 
operating constraints of some process intermediate or state variables; 
the range and dynamic properties of output disturbances. 
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In order to determine the relevance of process dynamics, the following observation can be made. The 
selected p process inputs can be manipulated simultaneously within their operating constraints to control 
a process. The constraints are both amplitude constraints and rate of change as a function of time 
constraints. The process input manipulations can be considered to span a subspace R',pJ of the complete 
input space Rp,t, which is the space spanned by all possible input manipulations without considering 
constraints. In this description * refers to the subspace, p refers to the number of inputs and t refers to 
time. Each of the inputs is considered to be a function of time. Manipulation of the input variables within 
their constraints invokes responses at the q outputs of the process. The output responses will reflect the 
whole process dynamics corresponding with the applied input manipulations. If the input manipulations 
span the whole allowed input subspace, the output responses will represent a subspace R',q" of the output 
space. Whereas the output space Rq,t is the space spanned by the output vectors without accounting for 
constraints. Only those dynamics are considered to be relevant, which significantly contribute to the 
behaviour observed at the process outputs. A significant contribution being a contribution that exceeds 
the output noise level and that exceeds the resolution of the measurements at the process outputs. As a 
result the input subspace R',p,t is mapped to the output subspace R·,q·l: 

R*,p,t _> R*·q,t (3.1) 

In general the restriction to relevant dynamics implies that all process input output dynamics, which can 
be used for manipulation of the behaviour of the process outputs have to be part of the model. All the 
dynamics that do not meet this condition should not be included in the model to prevent unnecessary 
increase of model complexity as model complexity is directly related to ultimate control system 
complexity. 

It is clear that the selection of appropriate process inputs, which will be used for process manipulation, is 
important. The inputs have to be selected so that the complete output subspace also spanned by the 
output disturbances can be spanned with permitted input manipulations. Furthermore those inputs have 
to be selected that enable well conditioned output manipUlations; preferably the selected inputs enable 
equal output manipulations in all output directions with almost equal input energies over the whole 
frequency range used for control. The output space has to be equally spanned. Due to the restricted 
dynamic ranges of both input manipulations via actuators and of output measurements via sensors the 
condition number C(j~) of the transfers -defined as the ratio of the largest singular value and the 
smallest singular value of the transfer function H(j~) as a function of frequency- has to be better than 
the available minimum dynamic range of the transfers over the whole frequency range used for process 
operation. 

(3.2) 

In practice this condition restricts the range of condition numbers of transfer functions that can be used 
for control system design to less than 10. This is a consequence of limited signal to noise ratios of 
sensors and of restricted resolution of actuators. 
The selection of appropriate process inputs and outputs furthermore requires an understanding of the 
main process mechanisms. As the inputs are to be used for manipulation of the process outputs in a 
predictable way, the manipulations have to be based upon using the main mechanisms of the process. 
The model looked for as a consequence has to reflect these mechanisms. Insight in the main mechanisms 
governing process behaviour can be obtained from rough mechanistic modelling of the process. The 
mathematical model looked for has to compactly describe these mechanisms and their corresponding 
input output process transfer characteristics. 

Process Models in the Control Algolitllm 



Industrial Application of Process Idelllifjcatioll Techniques 3.9 

Detailed modelling of all relevant process dynamics is done by means of process identification tech
niques. Assumptions have to be made on process behaviour to enable process identification. The 
assumptions made on the process input output transfer behaviour are: 

the behaviour can be well approximated by linear models; 
the behaviour is assumed to be time invariant compared to the system dynamics; 
the process is showing causal transfer characteristics; 
disturbances may be considered to be stationary noise; 
process transfers are bandwidth restricted; 
process dynamics can be well approximated by finite dimensional sets of difference 
equations. 

Process identification techniques with the above mentioned assumptions enable modelling of all relevant 
process dynamics on the basis of observed input output behaviour of the process. Due to lack of 
knowledge of detailed process transfer properties a multistep identification procedure is required 
however to ultimately end up with a compact model describing all relevant dynamics. This is related to 
the additional choices that have to be made for enabling process identification and the a-priori 
knowledge required for making a choice on a well funded basis: 

choice of modelset; 
choice of parameter estimation criterion; 
choice of parameter estimation method. 

These choices respectively depend upon the knowledge of: 
the complexity of the process transfer characteristics respectively expressed in the order 
of the difference equations and in the structure of the transfer characteristics; 
type of application of the model (e.g. output simulation, input reconstruction, one or a 
specific number of samples ahead prediction of the process outputs); 
specific characteristics of the noise present at the outputs of the process. 

A property related to process identification that is quite often forgotten, but that is important to 
understand the qualities of the models obtained by applying process identification techniques is the 
restricted frequency range over which the models are valid. This frequency range is restricted by the 
duration of the testrun used for identification at the lower frequency side and by half the selected 
sampling frequency at the high frequency side. The models obtained also cover parts outside this 
frequency range, but will in general not be valid there. Especially the steady state gain of an identified 
model is based upon extrapolation of the model properties to frequency w = O. Special precautions have 
to be taken during parameter estimation to get valid DC-gain values. 
In general the a-priori knowledge available at start of the process identification is very limited. This 
implies that mostly no a-priori knowledge on model order nor on model structure is available. 
Furthermore at start of the process identification procedure quite often no knowledge on the stochastics 
of the ouput noise is available. The identification proeedure therefore usually has to consist of a sequence 
of identification steps, with each subsequent step being directed to further extension of the level of detail 
of the knowledge and/or to further compaction of the models. 
A procedure developed and successfully applied over the past years consists of the following four main 
identification steps [Backx, 1987]: 

non-parametric identification of input/ouput behaviour using finite impulse response 
(FIR), finite step response (FSR) or high order ARMA models; 
initial semi-parametric (parametric with respect to order, non-parametric with respect to 
structure) identification using Minimal Polynomial Start Sequence of Markov Parameter 
(MPSSM) models: 
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00 
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with: ( Mo j=O 

F - i M . j= 1,2, ... , r . -
J J 

l r 
L aF j>r 
j= 1 i j-i 

final semi-parametric identification using quadratic optimization techniques for 
fine tuning of the MPSSM model parameters; 
parametric identification using full parametric (both order and structure) state space 
models. 

The first step is required due to the fact that it is very difficult to get information on the complexity of a 
model required for describing all relevant process input output dynamics. A non-parametric model does 
not require such information; it simply describes the observed dynamics in the form of a matrix valued 
weighting function giving the weights to be applied to past input signal vectors to include their contribu
tion to the presently observed output vector value. If no additional a-priori knowledge on output noise 
characteristics is available, ordinary least squares parameter estimation methods can be applied. Output 
error minimization then results in a model well suited for simulation of future process outputs. The 
criterion function to be minimized is: 

min arg V 

M 

• A = mm arg IIW(Y(M) - Y)1I
2 

M 

(3.4) 

Yare the recorded process output responses, yA(M) are the simulated outputs and M are the model 
parameters of the non-parametric model in this expression. W is a weighting function that may be 
applied. This function is convex in case the selected modelset is the FIR or the FSR modelset. As a 
consequence no initial value is needed for the model parameters to guarantee the minimum to be global. 
The model obtained from (3.4) will actually the best linear approximation of the observed process 
behaviour. If this behaviour properly represents the actual process dynamics, the model will also. The 
conditions to be satisfied for the model ultimately to converge to the best linear approximation of true 
process behaviour are: 

the applied input test signal may not be correlated with the process output noise; 
the applied input test signal must be uncorrelated amongst the various input entries; 
the applied input test signal must have almost equal power over the whole relevant 
frequency range; 
the length of the test data sequence has to exceed at least 10 times the largest relevant 
process time constant. 
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On the basis of the initial non-parametric model the degree of the minimal polynomial of the 
semi-parametric MPSSM model can be determined. This degree is given by the number of independant 
Markov parameters. A good estimate for the degree of the minimal polynomial corresponding with all 
relevant process dynamics may be obtained by looking for this number of significantly independant 
Markov parameters from the available non-parametric model. Significance in this case is determined by 
the noise level on the initial model parameters. The minimal polynomial degree in this case can be 
determined from the singular values of the finite block Hankel matrix filled with to vectors transformed 
Markov parameters using the Vee operator: 

with: 

H = rVec(Ml) 

IVec(M2) 

I 
I 

Vec(M2) ... Vec(Mi) 1 
Vec(M3) ... Vec(Mi+l)1 

I 
I 

M 1, = [m l' m 2' ... , m ] " .p 

(3.5) 

An appropriate value for the degree of the minimal polynomial corresponds with the number of singular 
values above the noise level, which can be recognised to be the steady level the singular values assume in 
case that the noise on the Markov parameter entries is not correlated, In practice it is advisable to test a 
couple of degrees of the minimal polynomial with respect to the qualities of the finally obtained model 
for control system design. These qualities are determined by various model properties: 

nonminimum phase zeros 
condition of the model related to its Hankel singular values 
condition of the transfer function (d. eq. (3.2)) 

Once a model order has been chosen the initial MPSSM model can be determined. In practice two 
different algorithms are applied: 

the Gerth algorithm [Gerth, 1972] 
the finite block Hankel matrix realization algorithm of Zeiger and McEwen [Zeiger, 
1974] 

The algorithm of Gerth is a two step algorithm that immediately results in an initial MPSSM model. The 
first step gives a set of minimal polynomial coefficients by solving a set of linear equations in least 
squares sense. The second step results in the set of start sequence of Markov parameters using the 
earlier estimated minimal polynomial coefficients. Although the algorithm does not minimize the 
difference between the initial non-parametric model and the MPSSM model looked for in some well 
defined norm, the model in practice mostly appears to be good enough to start the final optimization of 
the MPSSM model parameters. 
The algorithm of Zeiger and McEwen gives a Stale Space model on the basis of the approach developed 
by Ho and Kalman [Ho, 19661. A state space realization is calculated from the final block Hankel matrix. 
To get an initial MPSSM model the state space model has to be one to one translated to the correspon
ding MPSSM model. As the initial MPSSM model is fitted to the earlier estimated non-parametric 
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model, this model will be close to the best linear approximation of true process behaviour recorded in 
the process data used for identification. 
The subsequent identification step involves the fine tuning of the MPSSM model parameters by 
numerical minimization of a (weighted) output error criterion in least squares sense: 

min argV= 
a,M 

min arg IIW(~(ai,Mi,Moli=l,2, .. , r) - Y)"2 
a,M 

(3.6) 

As a result a semi-parametric model is obtained with the same properties as the non-parametric model. 
This implies that the model will be the best linear approximation of true process behaviour if the 
conditions mentioned above for the convergence of the non-parametric also hold for this model. 
The final identification step to be executed is a model reduction step to get rid of final redundancies 
related to non-parametric treatment of model structure. The model reduction technique applied is based 
upon the calculation of the balanced realization of the state space representation [Moore, 1981] of the 
MPSSM model obtained from eq. 3.6 [Pernebo, 1982]. Both the controllability gramian P and the 
observability gramian Q of the balanced realization are equal to a diagonal matrix Il. The diagonal 
elements of this matrix are the Hankel singular values of the system ordered to decreasing value, i.e. the 
largest Hankel singular value is upper left and the smallest is lower right on the diagonal. 

f A11 A121 fLu 0 1 f At11 At12 1 
I II II I (3.7) 
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The reduced order model is obtained from these equations by making ~2 equal to zero. The correspon
ding reduced order state space model is: 

_ -1 

A = A11 + A12(I-A22) A21 
_ -1 

8 = 81 + A12(I-A22) 8 2 (3.9) 
_ -1 

C = C1 + C2(I-A22) A21 
_ -1 

D = D + C2(I-A22) 8 2 

As has been indicated in the beginning of this section precautions have to be taken to garantuee that the 
steady state gains of the model will be right. The process identification procedure described above does 
not take care of this. To fulfil this additional required the optimizations given in eq. 3.4 and 3.6 have to 
be done under constraints with respect to the steady state gains. Also the model approximations based 
upon the Gerth algorithm or the algorithm of Zeiger and McEwen require adjustments. To circumvene 
this problem the initial MPSSM model parameters can be adjusted by adjusting the steady state gains to 
the a-priori known gains. 

3.4 Internal model based process control 

The best way to control a process is to continuously drive it within the operating constraints as fast and 
as smoothly as possible to the desired conditions on the basis of its known dynamic behaviour. This 
requires the use of detailed knowledge of the process dynamics to compute the input manipulations 
needed for doing so. Control of the process then actually becomes feedforward control where a math
ematical model that accurately describes the process dynamics is used for calculating the required future 
input manipulation needed for bringing the process outputs to the desired values. Recorded deviations 
from the desired values are to be compensated for in a feedforward way. Model predictive control 
strategies do this job. The internal model based process control scheme is an example of such a model 
predictive control system (cf. Fig. 3.3). The model obtained with the identification procedure described in 
the previous section is the hart of this model based control system. Three properties of the ultimate 
control system are strongly interrelated: 

model accuracy; 
control system performance; 
control system robustness. 

The better the model accuracy the better both robustness and performance will be. For given model 
qualities robustness and performance can be exchanged. The ultimately reachable performance in a 
predefined control system configuration will be dictated by model inaccuracies. Model inaccuracies are 
determined by three factors in general: 

too low order appoximation of high order process dynamics; 
process non-linearities which are not covered by the (mostly linear) process model; 
time varying process, which are approximated by a time invariant process model. 

It presently is only the first class of model inaccuracies that can be properly considered in control system 
design, whereas the final two classes of modcl inaccuracies in practice appear to be far dominant. 
Further research to the effccts of these model inaccuracies and their consideration in control system 
design are required. 
Design of the internal model based control system implies the design of the various modules of the 
control system: 

Process Models in the Control Algorithm 



3.14 

the dynamic precompensator; 
the feedback control system; 

Industrial Application of Process Identification Techniques 

the feedforward setpoint compensator; 
the feedforward disturbance compensator; 
the constraints handler. 

Depending upon the demands on the ultimate control system, various design strategies can be applied. 
A 'poor mans' version is the design of a dynamic precompensator using the implicit model following 
technique based on classical LQ design methods [Kreindler, 1976; Backx 1987] to make the system 
diagonal dominant in combination with single loop feedback control filters. This approach has two 
advantages: 

it is a straight forward design technique that does not require specific knowledge of 
controller design techniques; 
implementation of the controller can be done in almost every environment due to the 
fact that the system is made diagonal dominant first and feedback control often can be 
realized with single loop controllers. 

Disadvantage of this approach is the conservative design resulting in good robustness but restricted 
performance of the controller. The control system in general will be rather sluggish due to the 
decoupling, which restricts the bandwidth of the controller to minimum of all possible input output 
transfers. 
More sophisticated versions of the internal model based control system are obtained by using H .. design 
techniques. The H .. techniques are used to design the control system as much as possible in line with 
specifications for the controlled process and up to constraints given by the process dynamics. The 
capabilities offered by the weighting filters (d. eq. 2.3) to shape performance and robustness characteris
tics of the control system enable maximum flexibility in designing in the right system characteristics. The 
maximum reachable performance and robustness is of course restricted by the process properties and by 
the model inaccuracies. The control system is designed to best approximate the inverse of that part of the 
process dynamics that can be inverted. In the design all wishes with respect to performance for the 
various output and with respect to transient properties can be considered and used for the design. 
To enable optimization of process behaviour considering operating constraints for the process a 
constraints handler is used. The constraints handler is designed to handle both hard and soft constraints 
on both amplitudes and rates of change of respectively inputs, outputs and states. Hard constraints in this 
respect are constraints given by physical restrictions in the process. These constraints may never be 
violated. If operation of the process within these constraints appears to be infeasible, the process has to 
be brought back to safe operating conditions without bothering about performance. The soft constraints 
are related to preferred operating conditions for the process like e.g. operation with minimum energy 
consumption. If these constraints appear to be infeasible they may be skipped at the price of a somewhat 
worse performance. 
The additional degrees of freedom available in non-square systems ar.e used for minimization of an 
additional criterion and for operating process inputs as close as possible to preferred values. 

3.5 Conclusions 

An overview has been given of the main engineering aspects of the modelling of relevant process 
dynamics using process identification techniques and of the design of control systems based upon the 
obtained model. Presently applied techniques for the design of robust high performance industrial control 
systems have been outlined. The techniques have been succesfully applied to many different processes. 
The techniques discussed stilI require further development however to include a maximum a-priori 
knowledge on model inaccuracies to get the best possible performance of the control systems in 
combination with guaranteed robustness. Especially in combination with constraints handling detailed 
knowledge of system properties in case of a reduction of the number of available manipulated inputs or 
controlled outputs has to be included in the adjusted control strategy to still guarantee best possible 
performance and robustness. 
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5 Control of a fluidized Bed Reactor for Ethylene Polymerization 

Marion Post and Jobert Ludlage 

5.1 Introduction 

Polyethylene is, considering its production volu
me, the most important plastic. The production 
rate is about 36*106 ton/year (1991). It is mainly 
used for domestic appliances, films and cable 
isolation. 
Figure 1 shows how ethylene reacts to polyethy
lene. The addition of a comonomer (e.g 
propene or butene) results in side chains, caus
ing different product properties. 

H H HHHHHHHH 

( C=C/ ) ~Hr -6-6-(-,-).-6
1 
-t.-t.-tr-

H/ 'H n 6 H H ~ ~ H ~ ~ 8 
Ethylene Unear, hillh oIensily ~elyelhylene 

H H H, ~ ~ Ijl 
( 'c=C/ ) C -+ C=C-C- -H-

H / H n H / R R H -6Hr 

~ 
H-C-H 

1 
H HHyH H H 

¢-f-y-d-¢-
H H H 1-1 H 

Ethylene llutene t...w ".nsily ~er 

Figure 5.1 Chemical reactions to produce polye-
thylene 

Among other process types, polyethylene is pro
duced in fluidized bed with use of a (Ziegler) 

catalyst. This gas phase process has the advan
tage of obtaining a solid polymer product dire
ctly from the reactor without the need to separ
ate the product from other solids or liquid reac
tants. It is capable of producing polyethylene 
from high to low density (by addition of 
comonomer). 
Union Carbide and BP were the first to com
mercialize this type of process and own the 
main licenses. 

The process is unstable due to the strong exo
thermic reaction. Hence, production capacity is 
limited by the heatexchanger capacity. Recipe 
changes in conventional (PID) controlled rea
ctor performed by operators are quite slow, in 
order not to meet any constraints. 

A model based controller, making intensive use 
of process knowledge enables a process to oper
ate closer to its constraints. 
This paper describes the design and application 
of advanced control for the fluidized bed 
polymerization process. The emphasis will be on 
the translation of process and operating 
demands to control objectives, 
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resulting in the design of a suitable control struc
ture. 
A first principle model, containing all process 
characteristics is used to generate process data. 

5.2 Process description 

Figure 5.2 Reactor overview 

Monomer (ethylene or shortly C2) and comono
mer (propene, butene or pentene, generally indi
cated as Cx) feed streams are fed to the recircu
lating fluidizing gas stream. Catalyst is injected 
into the reactor at a number of points along the 
reactor wall. The fluidized bed consists of an 
emulsion phase and a bubble phase. 
In the emulsion phase, the monomers polymerize 
on contact with the catalyst, forming growing pol
ymer particles of similar shape to the original 
catalyst particle. A small amount of Hydrogen gas 
is used for molecular weight control. 
The temperature and gas composition within the 
bed are almost uniform due to the tremendous 
back mixing which is characteristic of all fluidi
zed beds. 
Through the emulsion phase goes a bubble phase. 
These are large bubbles of gas with high speed. 
These bubbles supply the emulsion phase with 
monomer and comonomer, and remove the reacti
on heat-Above the reactor bed is a gascap with 
about half the volume of the reactorbed. Its func
tion is to prevent the solid particles to go into the 
gas recycle loop. 

The output gas flow of the gascap is transported 
to a countercurrent heat exchanger where the gas 
is cooled with water. After that the gas is mixed 
with input flows and recycled to the reactor. 

Process Models in the Control Algorithm 

The most important characteristic of the reactor is 
the highly exothermic reaction. The reactor lay
out is so designed that a maximum of heat is 
absorbed. 
This is done by a continuous recycling of a gas 
flow with a high velocity. This gas also contains 
an amount of inert gas (N2) for heat transport. 
The high gas velocity causes a low single pass 
conversion (6%) of the reactants. 

Analyzing the composition of a gas sample takes 
5 minutes. Hence, the C2 and Cx mole fraction 
are only known once every 5 minutes and with a 
delay of 5 minutes. 

The monomer reacts about 6 times faster than the 
co-monomer. Therefore a much larger C2_flow is 
needed compared to the ex_flow. 

5.3 Process demands 

The objective of the process is to produce the 
polymer with the right quality and with the lowest 
cost. This is of course a general criterium. Trans
lating this to common practice control objectives: 

Produce a product always within specifi
cation 
Produce the product with a high produc
tion rate, constrained by the cooling 
capacity 
If the quality specification changes, per
form the so called grade change as fast 
as possible and with as low off-spec 
production as possible. 

The current economical trend to minimize the 
stock results in an flexible reactor operation with 
several grade changes a week. 

Measuring the polymer characteristics (density 
and melt index) is a very elaborate process. 
Therefore software programs are developed that 
calculate the steady state relation between poly
mer characteristics and reactor conditions. Hence, 
making the right polymer is reduced to controlling 
reactor conditions, where the setpoints are ad
justed by feed back control of the measured 
quality variables. 

A grade of polyethylene is determined by: 
Partial pressure of the monomer 
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(Mole) Ratio of comonomer and monomer in 
the gas phase 
Reactor temperature 
Production rate 

Controlling the reactor means controlling these 
four variables. 

Manipulated (input) variables are: 
Monomer flow (ethylene) (C2in) 
Comonomer flow (for example butene) (C
xin)] 
Temperature cooling water (Tw) 
catalyst feed (qc) 

Table 1 gives a typical operating condition for 
these variables. 

C2 flow 7900 kg/h 

Cx flow 735 kg/h 

Catalyst feed 2.5 kg/h 

Twater into heat ex- 31°C 
changer 

Total pressure 21 bar 

Temperature bed 82.0°C 

Feed temperature 41 'C 

Inlet water 32'C 
temperature 

Production rate 8600 kg/h 

Ratio CxlC2 0.3 

Partial pressure C2 6 bar 

Table 1. Typical operating values 

5.4 Present (conventional) control 

The present control strategy is a combination of 
PID's and operator control. 
To summarize: 

The bed temperature is PID-controlled by the 

cooling water temperature 
The total pressure and partial pressure C2 is 
PID-controlled the C2 flow. 
The Cx/C2 ratio by the Cx-flow (PID or feed
forward control in combination with C2-flow) 
Production rate is manually controlled by the 
catalyst feed. 

This control is adequate for normal steady state 
operation but a grade change can take several 
hours and is highly depending on operator expe
rience. Figure 7 shows the relevant variables dur
ing a typical grade change performed with the 
conventional control scheme. 

5.5 Dynamic process behaviour 

The open loop behaviour is unstable. Even the 
smallest disturbance causes a drift in the tempera
ture (negative or positive) resulting in a reactor 
runaway. This is the result of an highly exotherm 
and non-linear temperature depending reaction 
rate and a limited cooling capacity. 

When the process is considered with an operating 
temperature controller, step tests on the monomer 
and comonomer 
flow show a fteSt order process with a time con
stant for the pressure and partial pressure of 1 to 
3 hours. A detailed look however shows that the 
large timeconstant is the superposition of the very 
fast single pass time constant (about 16 sec.) and 
recycling. The feed flows also influence the 
production rate. 

A step in the catalyst feed learns that the used 
catalyst is not immediate active and deactivated in 
a few hours. The catalyst does not only influence 
the production rate (only dynamic) but also the 
total pressure, the partial pressure and the ratio. 

Changes in the temperature setpoint are limited to 
0.1 'c per hour, in order to prevent any change to 
an hot-spot resulting in a reactor run-away. A 
temperature change does have a direct influence 
on all four output parameters. 

5.6 Model based control for the fluidized bed 
reactor 

Considering the difficult process dynamics and 
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the current operator performance during grade 
changes, advanced control was expected to con
tribute to the total process benefits. 

The characteristics of the process have led to the 
following control strategy: 

J Keep the primary temperature controller as 
iUs 

Including temperature control in the multivariable 
controller would mean that experiments have to 
be executed without any temperature control 
being operational. This is not such a problem for 
a simulated process, but is not likely to be allo
wed on a real process. The temperature can still 
be a part of the multi variable controller, but the 
adjusted value is now the temperature setpoint 
instead of the water temperature. 

2 Master-slave control the low sample rate 

The sample rate is physically limited to 1/5 minu
tes. During a grade change, this may be fast 
enough, but not during disturbance compensation 
in a single grade operation. The pressure can be 
calculated on-line and has a strong relation with 
the partial pressure of C2. Therefore, a master
slave controller is logical. The fast inner-loop 
controls the pressure and the slower outer-loop 
generates every 5 minutes a new pressure set
point. The ratio can be controlled in the same 
way as the conventional control scheme. The 
inner-loop has an open-loop ratio controller and 
the setpoint from the CxjC2 ratio follows from 
the outer-loop. 

3 A 4 input 4 output controller as outer-loop 

The strong interactions make a multi-variable 
controller necessary. The outputs to be controlled 
are: 

Partial pressure C2 
Cx/C2 ratio 
Temperature bed 
Production rate 

The adjusted variables are: 
Setpoint Pressure (Pset) 
Setpoint Cx/C2 for the inner-loop controller 
(CxC2set') 
catalyst feed 
Temperature setpoint for the PID controller 
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(Tset') 

4 A two degrees of freedom controller 

The delay in the catalyst activity makes that the 
responses of the outputs to the other inputs is 
significantly faster. 
This will therefore inevitably result in interaction 
on the output, unless we add additional delays to 
the other process inputs. For disturbance reduction 
this will however lead to a decrease of the fre
quency range over which we can attenuate the 
disturbance for all outputs. Moreover from the 
above defined demands it is seen that during 
production the behaviour of the production rate is 
the least important. This therefore yields that it is 
not desirable to add these additional delays. On 
the other hand during a grade change, it is desired 
to minimize the production rate, in this way mini
mizing wide spec production. For grade changes 
it is therefore important to minimize the interac
tion on the production rate. On the other hand the 
additional delays that this will introduce are of 
less significance, because grade-changes are in 
general scheduled in advance. It is therefore well 
possible to change the setpoints some time in 
advance. Based on the above discussion a two 
degree of freedom controller scheme was used 

Figure 5 gives a schematic overview of the com
plete control structure 

The chosen structure implies two phases of con
trol design. First process identification and control 
design for the inner-loop. Second with the inner
loop controller in charge, process identification 
and control design for the outer-loop. 

5.7 Process identification and control design 
for tbe inner· loop. 

The model required for the inner-loop is a single
input, single output model. The output parameter 
is the total pressure. 
The input parameter is C_flow, which is defmed 
as: 

where ex is the difference in reactivity. ex is expe
rimentally derived from a steady state situation 
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(divide the ratio of the input flows by the ratio of 
the gascap concentrations). The compact model 
has a clock frequency of 0.2 Hz. Figure 3 shows 
the process output and the compact model for a 
PRBNS-input. The differences are small. 
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Figure 5.3 Measured and estimated pressure 

xlO O Pressure 
2.1 ~==,----,------,------,.----, 

I. 
I 

.... j ..... f\ 
" : " : ........................ M .. _ • •••• 2.08 

i . ............... ! 

i \ 
: \ I 

2.06 ", -,~,~ ... \ •.. -.-... -.-... -.~~.-P" ......... , ~ ·t· · ~ · ·w .. - ···-··-r-·-···-·······-···-·-· 
; 

! " 

~ L.~ ~ L .............. i. .. " , . ... .. \H .................. _. f 2.04 

\ 

2.02 
i \ 

".~". .~ \ .~.~ .. '~' - ~ .. -_ ...... _ .......•...... 
\. ~ 

1 ~llft:wilh late~aJ · ModelCOntrt l 
; .. _ ... _._ ... _ .. \~.~~.w._ ...... _..... ; .. ~'.' i 

i '··~ · ... - - -~· · -~~·~e with p£D.c.oDlrol 

1.98
0
'-----::O":".S---'-- - ---:":U,--------'--------.J

2
.
S 

time fbI 

Figure 5.4 Response to a step in Pset with P1D 
control and [MC 

As the primary task of the inner-loop is distru
bance reduction, only a feedback structure is 
necessary. The controller was designed with a R 
appraoch. For more information is referred to [6]. 
The control speed is physically limited by the 
maximum and minimum C2_flow and C2_flow. 
But compared to the PID-controller (see Figure 4) 
this controller causes less overshoot. 
The controller could be reduced ' to a 2nd order 
model, without any loss of performance. As a 
PID-controller is also of 2nd order, the designed 

controller is in fact an optimally tuned PID-con
troller. 
This illustrates that process models can also be 
used for the tuning of PID-controllers. 

5.8 Process identification and control design of 
the outer-loop. 

The compact model was derived from an experi
ment in which all four inputs were exitated with a 
(each a different) PRBNS. 

The measured and estimated process output of an 
validation experiment is shown in Figure 6. The 
method used to indetify the process is based on 
the approach by Bach [1,2,3]. 

A H~approach is used for control design. 
The specific criteria used for selection of the 
weightings are: 

Partial pressure C2 and Cx/C2 controlled at 
equal rate 
Temperature amplitudes are restricted to 
O.I°C per hour 
Production rate has to lowest priority 
Prevent the C2 and Cx flow to meet their 
constraints 

Due to the use of the IMC scheme, the setpoint 
and the feed back controller can be designed 
independently. The design of each of these two 
controllers is an iterative procedure. Selection of 
the weightings, solving the R criterion and 
analyzing the controlled behaviour obtained are 
performed iteratively. 
The criterion used in the design equalled: 

Inln 
c( z)eR/CX' 

WI (I-M(z) C ( z )) 

W2C(z) 

Using the combination of the IMC scheme, where 
every controller can be seen as a specific ap
proximation of the inverse of the process behavi
our together with a thorough analysis of the 
process behaviour has proven, after a number of 
applications, to be a valuable tool, that signifi
cantly reduces the number of iterations needed. In 
this case due to the specific structure the analysis 
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is simple. One can obtain all infonnation from the 
Bode and stepresponse plots. Based on at one 
hand these plots and at the other the closed loop 
requirements the weighting WI was detennined. 
The matrix WI was chosen diagonal. Each entry 
is of the fonn: 

1.9999999 Z-~i 
Xi ----:.--..,.....-- --.,.-....,.,..,,.,...,....,...,.,..,....,... 

l+~i z-0.9999999 

The zero (i is chosen based on the expected 
bandwidth possible for that output, taking both 
requirements and process behaviour into account 
The constant X; is used to indicate the relative 
importance of each output with respect to the 
others. If Xi is chosen equal to one the weighting 
is nonnalized at 1 for z=-I, i.e. half the sampling 
frequency. This weighting is used to solve a one 
block criterion to obtain insight in the controller 
gains. The high gain obtained for this controller is 
due to the fact that the magnitude of the 
controller is not weighted at all. The weights for 
the diagonal entries of W 2 are chosen such that 
the W 2C(Z) becomes significant for those frequen
cies that yield a too large controller gain. After 
two iterations the final weights were found. In 
many cases the diagonal entries of the weight W2 

can be chosen a constant. In cases were we have 
as function of the frequency only a slow increase 
of the gain of the controller for the one block 
criterion or we have demands on the process input 
that have to be translated to a frequency depen
dent demand, then a dynamic function has to 
replace the constant in that entry of W2• After hvO 
iterations of the procedure the fmal feedback 
controller Ciz) was found. Using the discrete 
time algorithm proposed by Stoorvogel et all [7] , 
it can be shown that the minimal order of the 
controller Ciz) in the IMC context equals that of 
the weights. This can easily be understood from 
the fact that in the IMC scheme already a process 
model is present. In stead of duplicating the 
model states, the controller can also use the 
model states. 
For the design of the feedforward controller CI(z) 
used for grade changes, i.e. setpoint control, we 
used the fact that the relation that the !MC sche
me has with the Smith predictor. First of all ad
ditional delays were added to the controller out
puts 1,2 and 4 such that all four inputs have an 
equal delay time. In this way the delays can be 

Process Models in the Control Algorithm 

modeled at the output of the model. For setpoint 
control in the !MC scheme, due to the equivalen
ce with feedforward control, these delays will 
only delay the response of the outputs to a set
point change. They will however not influence the 
dynamic behaviour of the closed loop, i.e. the 
shape of the output response. For the design of 
the setpoint controller we therefore use a delay
less model. Based on the same analysis of the 
process behaviour for this delay less model the 
weightings were selected and the controller desig
ned. 

5.9 ControlJer performance 

Partial Pressure 
monomer 

Ratio Cx/C2 

Temperature 

Production rate 

6 bar 

0.3 

82'C 

8.6 ton/h 

5 bar 

0.6 

82'C 

5 ton/h 

Table 2 Example of a typical grade change 

The controller is tested by a typcial grade change 
as given in table 2. 
The production rate is only temporary decreased. 
As soon as the product qualities are within speci
fication , the production rate is set to its original 
value. 
Figure 8 shows the manipUlated and controlled 
variables for the perfonned grade change. 
Figure 9 shows the results for the reversed grade 
change. It is clear that IMC enhances a grade 
change drastically. 
From a critical point of view it may be necessary 
to make the catalyst feed manipulations slower. 
As a direct consequence the production rate will 
become slower. 

5.10 Additional demands 

In practice the controller has to be robust for 
additional demands, which may reduce the control 
perfonnance. 
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For example: 
A sep~ll'a~xJ quality and V"~lv"'J" rate con-
troller. 
The sampling rate for and Cx/C2 is not 
constant but varies from 4 to 7 minutes. 
The controller should still provide an stable 
process behaviour is some actuators or sen
sors fail. 
The controller has to be robust for a 
operating area (ratio from 0 to 0.9, 
pressure form 3 to 10 bar). 
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6 Industrial Application of Model Based Predictive Control 

C.W. Hart and A.E. Ogden-Swift 

Summary 

Model Based Predictive Control (MBPC) makes explicit use of a process model within the control 
algorithm. Controls of this type are relevant, and have been successfully applied, to a wide range of 
petrochemical and refinery processes. This paper considers the issues in the use of this technology in the 
process industry. By looking at the trends in the industry it is suggested that MBPC will become a 
standard feature of DCS supply, and that the proper development of such facilities requires both 
technical expertise and practical understanding of the industry. 

6.1 Introduction 

Within the process industries MBPC has been 
successful and is increasingly applied. The pur
pose of this paper is to: 

-identify the issues which have to be addressed 
in providing MBPC applications in the process 
industry; 

-consider how the process industry produces 
applications; 

-look at some practical examples which typify 
the application of MBPC; 

-suggest some future trends within the industry. 

It is important to recognize that having superior 
technology is not enough, it has to be usable by 
the industry. There are now a range of pack
ages available to the industry and all have to 
offer practical solutions to the issues set out 
here. 
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There are good reasons for expecting MBPC to 
continue to be used in the process industry in 
the future. By analysis of the relevant issues, 
some of the directions in which MBPC will 
evolve within the process indusry will be antici
pated. 

6.2 The Process Industry 

This section describes broadly those issues 
which need to be considered in the process 
industry when applying MBPe. 

6.2.1 The Available Systems 

The modern process plant is controlled with a 
Distributed Control System (DCS). It is 
through this that the process is monitored and 
controlled. These systems are sufficiently 
powerful to provide the user interface to the 
process and at the same time supply real-time 
control actions to the actuators on the process. 

The more sophisticated DCS allow the control 
engineer to build control schemes from simple 
pre-coded blocks. In the main, the process in
dustries regulatory control problems are solved 
within the DCS. The facilities exist to tackle 
the majority of problems in a way that is well 
defined. 

It is possible to supplement the traditional PID 
feedback controller with feedforward compensa
tion (lead/lag and dead-time), cascade hier
archies, overrides and analyzer controls. With
in these schemes turning controls on and off, 
initialization, windup protection and action on 
loss of process measurements can be accounted 
for. 

These controls (which reside above the flow, 
pressure, level and temperature controllers of 
the regulatory systems) are sometimes referred 
to as advanced controls. They are resident 
within the DCS. They utilize the capabilities of 
the DCS, presenting their information in a man
ner consistent with the regulatory controls and 
not requiring additional hardware or services. 

However, some significant problems still remain 
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with the advanced controls. Advanced control 
schemes of the type described can be difficult to 
tune and maintain. They can be inflexible when 
control objectives change. The DCS itself pro
vides only a limited free-programmable environ
ment and so the complexity of control 
algorithms which can be implemented are 
limited by their size and execution time. 

The result is that MBPC and similar demanding 
control applications generally reside on a pro
cess computer linked by a serial communication 
interface to the DCS. This represents an addi
tional hardware expense, and reduces the avail
ability of the application because of communica
tions links between systems. Using additional 
hardware also increases the general level of 
support and understanding which is required, 
for example, maintenance and training needs. 

Summary 

The Des allows access to the process plant 
either through connection or housing the appli
cation within the Des. The trend in the indus
try is to provide the advanced control of a pro
cess within the DCS. The availability of MBPC 
algorithms which reside on the Des is a desir
able feature in the current market. They can 
encapsulate the problem in a single application 
and, as explained in the next section, can handle 
the control demands which have to be solved. 

6.2.2 The Process Behaviour 

There are forms of behaviour within processes 
which are not easily controlled with the tradi
tional techniques. These include: 

Complex dynamics: the process can exhibit 
behaviour which cannot be easily handled by 
traditional PID controller tuned on the basis of 
assumed first order plus dead-time dynamics. 
Examples of such dynamics are inverse 
response, high order dynamics and large dead
time to dead-time plus time constant behaviour 

Process interaction: when adjustments of the 
manipulated variables affect more than one of 
the controlled variables then the process 
dynamics result in coupling between the actions 
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of one controller and another. Choices of which 
variables to pair, how to tune or decouple them 
can lead to complex strategies and difficult 
decisions. 

Constraints: in many cases the process is oper
ated in such a way that it is running against 
constraints. Traditionally these constraint prob
lems are handled with fIxed override arrange
ments. These cannot cater for changing modes 
of operation, and may result in the control 
actions bouncing from one operating condition 
to another. 

Optimization: the optimization of a process 
may be simple, in which case the. action is fIxed 
and its result easily observed. However, this is 
not always the case. The correct actions depend 
on the dynamics of the process, and the action 
taken on one day may not be possible or, worse, 
may not be the correct action on the following 
day. These situations are difficult to handle 
with traditional control schemes. 

Changing performance: the operation of a pro
cess can be subject to changing economic 
requirements. The ability to setup the control 
problem in terms of the economic demands of 
the process is something which is generally 
impractical with traditional control schemes. 

Summary: 

When anyone of these issues is encountered on 
its own then it may be possible to design a tra
ditional control scheme. However, these fea
tures often arise together, and in particular 
when looking at the control of the quality vari
ables in a process. Under these circumstances 
it is no longer appropriate to use PID schemes, 
and alternatives such as dead-time 
compensators, Internal Model Controllers or 
MBPC should be considered. Of these, MBPC 
has the greatest capability, and is the most 
popular for multi-variable problems. 

6.2.3 The Use of Control Packages 

There is a demand in the process industry for 
packaged control solutions. A packaged control 
solution is one which captures some specialist 

6.3 

knowledge and makes it generally available. 
This is driven by the following factors: 

• There is limited availability of the technical 
resources within the industry to provide 
control applications. 

The process control engineer has to have an 
understanding of the control requirements, 
the process, the instrumentation and the 
control system. The expertise for this is 
already scarce. Individuals who also have 
knowledge of modern control techniques and 
the ability to understand/write software for 
such a control application are extremely 
rare. 

• Developing applications of this type is not 
part of the core business of the operating 
companies. 

Maintaining resources on site with this level 
of skill is counter to what the major com
panies in the industry are doing. They are 
moving to a role in which contractors are 
used to implement and commission control 
strategies for their units. 

• It is not economic to provide one off sol
utions. 

Developing solutions takes time, and to 
recover this effort the application has to 
result in a package which can be widely used 
and is applicable to a range of systems and 
processes. 

The use of real-time control packages is not 
new. The DCS represents such a package, and 
there are whole organizations available to sup
port them. The industry has some experience of 
in-house control algorithms but the advent of 
computers connected to the DCS has provided 
an environment into which a proliferation of 
third party packages has occured. 

Most MBPC package developments have been 
made by small companies with specialist knowl
edge of MBPC. They have provided packages 
applicable to a range of processes and have 
been applied on a variety of hardware/software 
systems. These packages have been sold on by 
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licensors who offer a greater range of services 
and support, and can appropriately incorporate 
the package into a complete control system. 

For the successful application the packages sup
plied have to be applied quickly by engineers 
who do not have the skill and experience of the 
original supplier. 

6.2.4 Conclusions 

The availability of DCS within the process 
industry has allowed the connection to the pro
cess of advanced control techniques. The pro
cess industry has problem characteristics which 
are well tackled by MBPC, and demands that 
the application of MBPC is provided as a pack
age. 

• MBPC is part of the control solution, provid
ing this as part of the DCS environment 
offers: 

reduced costs and easier to support 
uniformity of appearance 
less hardware 
higher availability 

• There are well established forms of behav
iour which require the capabilities of MBPC 
to be able to solve them: 

complex dynamics 
interaction in multivariable systems 
constraint handling 
optimization 
changing control objectives 

• MBPC packages are required to come in a 
form which: 

can be engineered quickly 
provide the required solution 
demand the minimum of expertise 
can be applicable to a range of process 
and systems 
can be technically supported by the supp
lier 
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6.3 The Application or MBPC in the Process 
Industry 

By understanding how the process industry 
applies MBPC through projects the require
ments for application can be identified. Using 
the right technology presented in a usable form 
for the people involved in working through a 
project are all important elements of successful 
applications. 

6.3.1 MBPC Projects 

To date, most MBPC applications in the process 
industry have been developed as a joint project 
between the operating company and an 
advanced control sercies vendor, contracted by 
the site. For the purposes of this paper the 
typical structure of such a project is broken 
down into the five sections: 

Functional Specification - the site and contrac
tor work together to define and agree the 
requirements. 

Design - generally it is the contractor who pro
vides the design and it is agreed by the site. 

Implementation - the contractor performs the 
implementation. 

Testing - the contractor demonstrates to the 
satisfaction of the site that the application con
forms with the agreed functionality. 

Commissioning - the application is started-up 
and the day-to-day operation handed over to the 
site. 

The content of these different stages vary some
what depending on the exact circumstances of 
the project, however, the goal of each stage is 
unchanged. 

Training often has to be given to ensure that the 
purpose and content of each stage of execution 
is understood. Throughout these stages clear 
documentation has to be provided. 
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Summary 

User acceptance is a necessary part of a suc
cessful project. User acceptance is generated 
by having a well defined project methodology, 
adequate training to understand this and docu
mentation to support it. 

At the end of the project the client has to have 
the capability to maintain and use the applica
tion. This can only be ensured if the steps in 
the project are understood and are carried out. 

6.3.2 Users of MBPC Packages 

The users of MBPC technology within the 
industry fall into the following groups: 

Contractor engineers - usually it is engineers 
supplied by the contractor who perform the core 
of the work. They wish to use a package which 
performs all of the steps involved in the supply 
of the controller in the easiest and most effec
tive way. 

Site engineers - it is the process control engin
eers at site who define requirements and have 
to support the implementation. They require 
that the application be put together in a manner 
they understand and can maintain. 

Site operators - the process operators are the 
people who work directly with the application. 
Increases in operator load make it essential that 
it causes them the minimum of problems. They 
require that the application be robust and pro
vide clear explanation of the simple actions 
which have to be performed. 

To help the different users of the technology it 
is necessary to provide a level of support which 
each can relate to. This support can come in 
the following ways: 

on-line help 
- training courses 

available technical assistance 
supervision/execution of work 
post-implementation support services 

6.5 

Summary 

The skills of these different users vary, as do 
their needs and requirements. In performing a 
project and using a package this has to be rec
ognized. Getting the correct contribution from 
the right people is important. Providing them 
with tools that they can use and understand is 
equally important. 

6.3.3 The MBPC Technology 

The technology has to provide a complete sol
ution to the control problem. Three core capa
bilities are necessary: 

Process identification - the production of a 
mathematical representation of the process used 
within the control algorithm. This includes: 

definition of process tests 
- execution of process tests and collection 

of data 
preparation of data for numerical tools 
clear presentation of results 

- automated procedures 

Controller Design - the design of the controller 
requirements must provide: 

feedforward and feedback control 
- setpoint and disturbance response 

constraint handling 
- optimization 

Controller Implementation - the provision of an 
executing controller connected to the process. 
This must incorporate: 

connection to the real-time database 
- appearance of the user interface 

performance of control action 
- operator actions and controller mode 

scheduling and execution 

These facilities should be closely integrated with 
the control system. This achieves consistency 
of implementation with the result that the tools 
are readily available in a familiar form. In this 
way it is possible to achieve: 
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Intuitive and easy of use 
facilitates the non-expert user 
standardization and consistency 
clarity of purpose 

The result of the application of the technology 
must provide a practical implementation. For 
this the operability requirements have to be 
resolved. The engineer should have to do the 
minimum of work but know that all the connec
tions are automatically handled and monitored. 
It is important that the following issues are 
solved: 

- windup and saturation 
- bad data 

loss of manipulated or controlled vari
ables 
turning onloff and service factors 
connection to the regulatory control 

Summary 

By providing the three core elements the MBPC 
technology can be rapidly applied. The technol
ogy has to be implemented in a way which takes 
account of the practical issues relating to oper
ation on an industrial process. 

6.3.4 Conclusions - A MBPC Product 

The result of taking into account the project 
methodology, the people within the project and 
the delivery of the technology is successful 
applications. A product accounts for all of the 
activities, users and technology required to com
plete a project. This is distinguished from a 
package which solely provides a part of the 
solution. 

To be successful and accepted in the industry 
the product has to ensure that the following 
criteria are satisfied: 

• The project must be steered through the 
project phases 

the steps which have to be performed 
should be clear and simple; 

the product should be closely integrated 
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with the delivery, providing consistency of 
information, clarity of design and ease of 
implementation. 

• Each of the user groups need adequate sup
port in the use of the technology: 

the product should provide a route for 
the non-expert to be able to use the 
tools; 

the product should be easy to use. 

• The product must be able to provide the 
technical solution: 

the product should provide process 
identification, controller design and 
implementation; 

the product should resolve the oper
ational issues related to the connection of 
the technology to the process. 

6.4 Some Practical Examples 

Three examples are given here of the applica
tion of multivariable controllers to different 
units. The object in doing this is to show the 
nature of the application rather than give any 
detailed discussion of the particular processes. 

6.4.1 Multiple Column Interaction 

In this example, see figure 6.4.1, two columns 
are coupled together in their design and in their 
control. The process design is coupled in the 
following way: 

their is a recycle from one column to the 
other (the rectifier provides reflux to both 
columns); 

the bottom product of one is the feed to the 
second. 
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As a consequence it is not possible to operate 
either column independently of the other. The 
conditions which operate within the columns 
affect the qualities of both the overhead and 
bottom products simultaneously, and this inter
action is complex because of the relevant inven
tories and flows in the process. 

The traditional control scheme is designed on 
the basis of single loop controls. However, they 
have a strong influence on the process behav
IOur: 

the reflux drum level control on the second 
column directly affects the feed to the sec
ond column, whilst it indirectly affects the 
vapour flow in the first column - since 
changes to the bottom flow from the first 
column are compensated for by the column 
bottom level controller as changes to the 
column vapour rate. 

The consequence of this is that any disturbances 
to the overhead condensers are propagated into 
changes in the liquid and vapour traffic in both 
columns, which affects the product purities. 

Multivariable control of this unit is the most 
appropriate means of controlling the process. 
To be most effective it was decided to include 
the behaviour of the reflux drum and first col
umn bottom level into the model. The control
ler has to satisfy the required product purity 
requirements without allowing the level to viol
ate high or low constraints. The ability to do 
this gives greater freedom to the controller in 
manipUlating the dynamic response of the pro
cess. 

6.4.2 Process Integration 

In this example, see figure 6.4.2, the process 
shows two levels of coupling. The first objective 
is to control the column itself to produce prod
uct of the required purity. However, only a part 
of the column overhead is product, the remain
der is used as utility around several other pro
cess units. As such this utility stream passes 
through the column itself. This arrangement is 
thermodynamically efficient. With the use of 
the compressor to upgrade the overhead stream, 
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the column bottoms can be reboiled. 

In addition the inventory of the utility is to be 
controlled through the pressure and level con
trols on the outlet of the compressor stage. 
These had been operated manually, but were 
taken into the controller. 

The dynamics of the two feed streams are quite 
different, one being vapour and the other liquid. 
Changes in either the reflux or reboil rate affect 
the product qualities as well as interacting with 
the utility loop. The integrated control of reflux 
and reboil whilst monitoring the flooding in the 
column can improve the quality control of the 
product. 

Consider the effect of the utility: a side effect of 
extra reboiling is to use more vapour utility 
which causes the compressor discharge pressure 
to drop, reducing product flow and increasing 
flow through the compressor. However, event
ually the increased utility condensate from the 
reboiler causes the liquid inventory to be 
increased requiring less condensate from the 
compressor discharge (a manual adjustment to 
the coolant level), resulting in an increase in 
pressure and the vapour product flow being 
returned back to its original value. This type of 
response is caused by the fast effect of changes 
in use of the vapour utility and the slow effect 
of the changes in the use of liquid utility. 

With a multivariable controller the use of utility 
for reboil is known and as a consequence the 
changes required in the coolant level can be 
anticipated - this can reduce the changes experi
enced by the compressor. 

6.4.3 Large scale control problems 

In a previous paper (1) the application of 
MBPC to a Residual Hydro-Desulphurising unit 
was described. This is an example of an appli
cation on a refinery unit operation. It contained 
the following features: 

operation of parallel trains in which it was 
necessary to allocated the feed between the 
two trains; 
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the cascading flow of material from one 
reactor to another; 

the control of the reactions by the use of a 
recycle stream; 

In this application the process operated at dif~ 
ferent constraints and a significant portion of 
the operators time was spent maintaining the 
operation of the process. 

6.4.4 Summary 

What lessons should be drawn from these 
examples: 

MBPC solves problems that previously were 
difficult or intractable, which generally repre
sent those with significant economic value; 

application of MBPC is expanding, taking on 
new problems. 

there is a general trend to tackle larger 
problems. 

6.5 Future Trends in the Process Industry 

6.5.1 Increasing Des capability 

Currently, non-DCS resident MBPC packages 
are playing a stop-gap role. The requirements 
of the packages have exceeded the capabilities 
of the DCS. However, this will change. The 
capabilities of the DCS continue to expand - the 
latest developments by ABB Process Automa
tion in this area make use of UNIX stations on 
the control network, and can provide free
programmable areas. The memory, speed and 
database access continues to improve. It is to 
be expected that MBPC packages will become 
Des resident. 

In the future the industry will expect to use 
MBPC in the same way that today it uses block 
structured configuration. It will want to do this 
with the skills currently available, and to execute 
projects in a way it is familiar with. 
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6.5.2 Single loop controllers 

MBPC will not replace PID controls in the 
simple control loops, but once MBPC is gen
erally available on the Des it will become the 
method of choice for tackling control schemes 
with those features identified in section 2.2. No 
doubt some operating companies will standard
ize on the use of MBPC in controlling even 
single loops with complex dynamics, taking 
advantage of easy configuration, common main
tenance procedures and the availability of 
identification and controller design as core capa
bilities. 

6.5.3 Position in the control hierarchy 

The MBPC represents the level between the 
regulatory control and the process optimization. 
It provides exactly the right facilities: changes in 
performance to match operating needs; ability 
to satisfy targets without violating constraints. 

The availability of MBPC will make it easier to 
provide real-time optimization of the process. 

6.5.4 Greater need because of process design 

There are trends within the process industry 
which are making the dynamic control of the 
processes more difficult: 

Process integration: the demand to reuse heat 
within processes and the increased integration 
of process plant results in the actions in one 
area of the plant being connected, in a process 
sense, to other areas of the plant. 

Process intensification: the reduction in size 
and inventory in processes results in the process 
dynamics become faster and the buffering 
capacity being generally reduced. The processes 
become more sensitive to disturbances, and 
although operational changes can be performed 
faster, the process IS also more sensitive to 
control actions. 

Process flexibility: processes are required to 
produce more than one product and to be able 
to rapidly change their mode of operation. This 
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can result in the need to change control 
schemes to address the resulting change in 
products produced and the changes in the pro
cess dynamics which result. 

As a consequence of these factors it will 
increasingly be necessary to make use of MBPC 
in process operation. 

6.5.5 Expansion of markets 

Within the process industry the technology has 
moved from infancy to maturity. With the avail
ability of the technology on the DCS as a stan
dard element entering new market areas 
becomes much easier. The technology will 
migrate to all areas in which the DCS supports 
the operation of the process. What has hap
pened in the petrochemical and refinery areas 
will lead the other chemical industries. As such 
the market available to the technology will 
increase. 

6.5.6 High performance 

To date the technology available has been seen 
to provide solutions to problems which previous
ly could not be addressed. Many of the pack
ages which are currently available are based on 
developments made in the mid 70s. However, 
the technology continues to improve. Applied 
developments have improved the process identi
fication and controller design techniques. The 
ability to: 

- produce compact models; 
- decouple the control and optimization prob-

lem; 
- allow for robust control; 

enhance the capabilities, leading to new applica
tions, and ease the tuning of MBPC controllers. 
A new generation of high performance control
lers can be envisaged. 

6.6 Conclusions 

MBPC is particularly relevant to control prob
lems in the process industry. It has allowed 
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difficult problems, with a high economic value, 
to be solved in a practical way. As a result of 
this, and other factors outlined in section 5, the 
market demand for MBPC packages can be 
expected to increase. Indeed, their role can be 
expected to become more important within the 
control of the process. Furthermore, the supply 
of these systems will become part of the DCS 
capability. 

Having just the technology is not enough. Tech
nical knowledge and practical experience pro
vides the basis for future products which the 
industry can work with. The presentation of the 
technology has to be simple and must be cap
tured so that it is: 

• Integrated with the control system 

- increased availability and minimum main
tenance 

- handles the control problems of the 
industry 

- provided in a familiar standard and con
sistent form 

- provides a robust solution to operability 
issues 

- supports the project methodology 

• Easy to use by the industry 

- can be engineered quickly 
- can be used with the minimum of expert-

ise and supports the non-expert 
- supports the operator 

• Fully supported by the supplier 

- provides all elements of the technology 
- support services available 
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