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I 
 

Summary 

 

Salt production concerns large scale operations. Often, salts are produced in dilute streams 

that need to be concentrated. For concentration of aqueous salt solutions, mostly 

evaporative technologies have been deployed. Evaporation of water is highly energy 

demanding due to the high heat of evaporation of water, and alternative technologies can 

potentially save significant amounts of energy if water evaporation is limited or even 

excluded. 

The goal of this research was to investigate if liquid – liquid extraction (LLX) can be used for a 

novel, energy-efficient process concept for water – salt separation with the purpose to, 1) 

obtain concentrated salt solutions and 2) obtain purified water. Due to the industrial and 

societal importance, three model salts have been chosen for the investigation: NaCl, Na2SO4 

and FeCl3, with a wide range of initial salt concentration (1 – 30 wt%). Two types of solvents 

have been chosen 1) volatile and 2) thermoresponsive polymers. 

Applications of ferric chloride are mostly present in municipal and industrial water 

treatment. Some of the examples are phosphorus removal, hydrogen sulfide control, sludge 

thickening, conditioning and dewatering agent, and chemically enhanced clarification. 

Sodium chloride, commonly obtained through sea water desalination processes, is used in 

nutrition and also in several production processes in the chemical industries, such as de–

icing and softening of water. These needs together require a massive production volume of 

220 million metric tons per annum, mostly provided by brines from mines and seawater.  

Sodium sulfate has an extensive variety of use, from the home–care industry, to the glass 

industry, in textile manufacturing industries and as a thermal storage of solar heat, making 

use of its high heat of melting with the production of 4 million metric tons per year. 

Covering 71% of the Earth's surface, water is important for all known forms of life. From the 

total amount of water on Earth, only 2.5% is freshwater and less than 0.3% of water is in 

easily reachable sources like rivers, lakes, and the atmosphere. 

 



II 
 

Liquid - liquid extraction using volatile solvents 

The first part of this thesis is a study on the use of liquid – liquid extraction for the 

concentration of ferric chloride solutions using volatile solvents. To check the phase 

behavior, a range of commercially available solvents (e.g. ethers, phenols, amides, thiols, 

amines) were screened. From the screening it was concluded that diethyl ether and 

diisopropyl ether were the most promising because of their high affinity for ferric chloride 

and possible low (heat of vaporization) energy requirement for solvent recovery. A complete 

(100% extraction yield, initial concentration 10 wt%) FeCl3 extraction was coupled to a 

recovery by combined stripping with water and ether evaporation to yield a final salt 

concentration of 45-65 wt%. During the experimental research, it was concluded that 

extraction is highly depending on the pH of the solution. Quantitative extraction was found 

to occur between 6 and 8 M of initial HCl concentration for both ethers. Several parameters 

were investigated for a better thermodynamic understanding and comparison of these two 

ethers. Overall, diisopropyl ether showed lower solubility in the aqueous phase compared to 

diethyl ether, which can be explained by molecular size of the ethers, and the energy 

requirements for the solvent recovery are lower for the diisopropyl ether (DiPE) compared 

to diethyl ether. 

Adequate thermodynamic models that describe the behaviour of the resulting quaternary 

systems (FeCl3, ether, acid and water) are not available in the literature and was therefore 

developed for the quaternary LLE of diisopropyl ether – HCl – water – ferric chloride system 

using the NRTL model. Reported data from the literature was use for fitting of the NRTL-

parameters. Equilibrium experiments were performed for the ternary systems water – HCl – 

DiPE and water – FeCl3 – DiPE and the obtained data is in good agreement with the results 

from Maljkovic (1966) and Cambell (1952). Experimental data of the quaternary system is 

taken from Maljkovic (1966). Good thermodynamic descriptions of the FeCl3 – Water – DiPE 

and HCl – Water – DiPE ternary systems was obtained with the regressed NRTL parameters, 

completing the description of the quaternary FeCl3 – Water – DiPE – HCl by the binary 

interaction NRTL parameters.  

A novel process design to concentrate ferric chloride solutions by DiPE extraction was 

simulated using Aspen Plus. By recycling the raffinate stream and using it partially for the 
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stripping process within the HCl production and partially for the extract stripping process, a 

high initial HCl concentration was immobilized within the process. Due to HCl recycling no 

purification of HCl from the raffinate stream is required. According to the final simulation 

the novel liquid – liquid extraction process requires only 27% energy consumption of the 

regular triple effect evaporation process. Using ASPEN Economic Evaluation V7.3 a rough 

estimation for the capital costs is calculated. It was found that the capital costs for the 

conventional multiple evaporation process is 3 million euro and the novel designed 

extraction process is 7 million euro, with that the pay-back period of around 2 years for 

Europe and even shorter in the Far East. 

 

Salt – water separation and salt fractionation using aqueous two phase 

systems and thermoresponsive polymers 

The second part of this thesis reports on the possibility to use aqueous two phase systems 

(ATPS) and thermoresponsive polymers for the water – salt separation. For in total 53 

commercially available polymers, the phase behavior of ternary systems containing water, 

salt (NaCl, Na2SO4, and FeCl3) and polymer was studied. Formation of ATPS was studied for 

various solvent/feed ratios (mass) of (0.25 < S/F < 0.75), and initial salt concentrations of 5 

wt % < [salt]initial < 30 wt %.. 

Several low-viscous polyether (block co)polymers (PPG 425, PPG 1000, Pluronic® L31, 

Dehypon® LS 54, Dehypon® LS 45 and Dehypon® LS 24) were found suitable for creating 

ATPS with NaCl and Na2SO4 with reasonable distributions of water, showing concentration 

factors up to 7.70 in a single extraction step. The distribution of sodium chloride was found 

to be higher than that of sodium sulfate for all investigated polymers. The distribution of 

water in sodium chloride systems is lower compared to that in sodium sulfate systems for all 

examined polymers. It was furthermore observed that the solubility of the polymers in the 

polymer lean phase is greatly depending on the nature and size of the polymer. Differences 

in the ethylene oxide (EO) – propylene oxide (PO) ratio in the (co)polymers were found to 

influence ATPS formation strongly. In some cases, ATPS were observed for Na2SO4, while the 

analogous experiments with NaCl showed homogeneous single liquid phases. Temperature 

responsive recovery of polymers by induced phase splitting was shown to be a promising 
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option. At higher temperature the miscibility gap increased and almost no water was 

extracted to the polymer phase. 

From the liquid – liquid extraction experiments it was observed that the aqueous salt 

solutions resulting from hypothetical complete polymer removal are more concentrated in 

the raffinate phase than in the extract phase under investigated conditions. 

It was found that the ferric chloride salt is too reactive to be treated in the extraction 

process by polymers without adding additional HCl to the systems for FeCl3 stabilization. 

The experimental data were successfully correlated for all investigated systems at 298.15 K 

with several empirical Merchuk type of equations. The LLE experimental data for Dehypon® 

LS 54, Dehypon® LS 45 and Dehypon® LS 25 was successfully correlated with the NRTL model 

to describe these systems at both temperatures with a single set of parameters. 

A proof of concept of the fractionation of salts by liquid – liquid extraction with 

thermoresponsive polymers was demonstrated in this thesis. As particular show case, the 

fractional extraction of sodium chloride from brines containing also sodium sulphate was 

studied, using  four different polymers (Dehypon® LS 54, PPG 425, Pluronic® L31 and Triton® 

X – 15).  The distribution coefficients of NaCl are for all polymers higher than the distribution 

coefficients of Na2SO4, confirming that all polymers selectively extract NaCl and that 

separation of these two salts is possible with this technique. If only the yield of NaCl and the 

selectivity would be considered, polymer PPG 425 shows the best characteristics, directly 

followed by polymer Dehypon® LS 54. However, because the distribution coefficient of 

polymer PPG 425 was rather low, meaning that there is considerable polymer loss to the 

raffinate phase, the best balance between yield, selectivity and limited polymer loss was 

found for Dehypon® LS 54. The phase behaviour was found to be temperature responsive 

and recovery of polymer was possible at increased temperature where the miscibility gap 

increased and almost no water was extracted to the polymer phase and almost no polymer 

remained in the aqueous phase. The LLE experimental data for Dehypon® LS 54 was 

successfully correlated with the NRTL model 
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Overall 

Liquid – liquid extraction is a promising technology to replace present techniques for water – 

salt separation and salt fractionation. Using volatile solvents for the liquid – liquid extraction 

(LLX) and thermoresponsive polymers for ATPS, high energy demanding water evaporation 

can be limited or even excluded. Capability for a low energy solvent recovery was proven to 

be technically feasible, but further attention should paid to validate the complete 

immobilization of the solvent with the novel technology. 
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evaporation (∆Hvap, water = 2257.8 kJ/kg). Alternatives like liquid – liquid extraction can 

potentially save a lot of energy [12,13] if water evaporation is limited or even excluded. As 

an alternative to reverse osmosis (RO) or multi-effect evaporation (MEE), liquid – liquid 

extraction (LLX) could be used to concentrate aqueous solutions of high-boiling polar 

solutes, either by extracting the polar solute followed by a recovery operation, or by 

extracting water, which off course also needs to be recovered from the solvent. 

In order to develop LLX based processes to concentrate aqueous salt solutions, three key 

conditions need to be satisfied.  

1) a biphasic system needs to be formed;  

2) the salt and the water need to distribute differently, i.e. the volatile solvent should 

extract the salt preferentially, so that a separation can be realized;  

3) the volatile solvent should be recoverable from both the extract phase and the 

raffinate phase, e.g. by evaporation. 

 

Figure 1.2: Typical mining process scheme, in which liquid extraction fulfills an important role. 

Adapted from [15] 

In dilute aqueous salt solutions (≈0.05 wt% [14]), which are common in the mining industry 

[15] (see Figure 1.2) and in the nuclear industry [16], the metal cation is often extracted 

using a cation-exchange principle (typically one or more H+ are released, depending on the 
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valence of the cation), and back-extracted under different conditions to increase the 

concentration.  

The applicability of alternative concentration technologies based on liquid – liquid 

operations in different salt productions is conditional to the properties of the salts and their 

aqueous solutions. 

1.2 Products of interest 

Under varying conditions, different technologies may be optimal. In this thesis, the 

applicability of liquid – liquid extraction is investigated for concentration of three salts (ferric 

chloride, sodium chloride, and sodium sulfate) that are selected as model salts, because of 

their relevance for industry and society. 

Many different applications of ferric chloride are present mostly in municipal and industrial 

water treatment applications [17]. Some of the examples are phosphorus removal, hydrogen 

sulfide control, sludge thickening, conditioning and dewatering agent, and chemically 

enhanced clarification [18,19,20,21,22]. In drinking water treatment it is as well utilized as a 

primary coagulant [23,24,25]. The yearly  production is 2.2 million metric tons aqueous FeCl3 

(typically 45 wt%) per year (in 2010) [26,27]. Commonly, the production includes the 

reaction between ferric oxide and hydrochloric acid in excess resulting in 5–30 wt% aqueous 

FeCl3-solutions that also contain 2.45 wt% HCl as stabilizer. 

Sodium chloride, commonly obtained in the  sea water desalination processes [9], is used in 

nutrition and also in several production processes in the chemical industries, such as de–

icing and softening of water [28]. These needs together require a massive production 

volume of 220 million metric tons per annum, mostly provided by brines from mines and 

seawater. Concentrating these brines is done mostly by thermal technologies and 

membrane–based technologies [29]. 

Sodium sulfate has an extensive variety of use, from the home–medium industry, to the 

glass industry, in textile manufacturing industries and as a thermal storage of solar heat, 

making use of its high heat of melting as a thermo-reversible material [30]. Produced from 

natural resources where crushed glauberite rocks are fed into a tank and the sodium sulfate 

is finally leached into an aqueous solution. After removing the contaminations the clean 
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extract is evaporated and centrifuged. Finally, the wet sodium sulfate is dried by multi–effect 

evaporation to obtain the final product in 4 million metric tons per year. 

Covering 71% of the Earth's surface, water is important for all known forms of life. The main 

source of water are oceans (approximately 96.5%), and the rest is present in groundwater, 

glaciers and the ice caps of North and South Pole. From the total amount of water on Earth, 

only 2.5% is freshwater and less than 0.3% of all freshwater is in easily reachable sources like 

rivers, lakes, and the atmosphere [31].  

Safe drinking water is essential to humans and other life forms even though it provides no 

calories or organic nutrients. Access to safe drinking water has improved over the last 

decades in almost every part of the world, but approximately one billion people still lack 

access to safe water and over 2.5 billion lack access to adequate sanitation [32,33]. Next to 

the use as drinking water and water for sanitation, water plays an important role in the 

world economy, e.g. in its role as a solvent for a wide selection of chemicals and other 

industrial uses such as in cooling systems. It is reported that roughly 70% of the fresh 

water used by humans goes to agriculture [34]. There is a constant need for a fresh water 

and same technologies as for the salt removal are used to obtain fresh water from the 

oceans such as multi-stage flash (MSF), reverse-osmosis (RO), and many other less efficient 

technologies [9,35,36]. RO processes require high pressures and large membrane areas, two 

aspects limiting their economics [37]. 

1.3 Current technologies for water / salt separation 

Current technologies for water – salt separation can be divided in two main groups, 

membrane (reverse osmosis (RO), nanofiltration (NF), electrodialysis (ED), etc.) and thermal 

technologies (multi-stage flash (MSF), multi-effect distillation (MED), vapor compression 

(VC), etc.) [36]. Although both technologies are highly energy consuming [38], in the past 

century most development was done in the membrane fields due to the low price of fossil 

fuel, especially in Middle East. Based on the production capacity in last decade it was shown 

that RO from membrane technology and MSF from the thermal technology are most applied 

technologies, but the ratio of built plants in the World is in favor of membrane technology 

with RO / MSF factory ratio of 4/1 [39]. 
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MED technology is designed on heat transport from condensing steam to seawater or brine 

in a series of stages, which offers significant benefits in terms of energy consumption if 

compared to single stage evaporations. The key concept is that with decreasing pressure 

over the consecutive effects, the boiling temperature of water reduces, so that with the 

vapor from the first effect the evaporation in the second effect can be accomplished. For a 

more efficient heat exchange, thinner materials are preferred. The main benefits of the MED 

process are durable design, technological know/how, high product quality and high unit 

capacity. The energy consumption is reducing with the number of effects, but this trades-off 

with the increasing capital expenditure when applying more stages. Therefore, in particular 

for this technology, the economy of scale is important and hence, only large scale operations 

suitable. 

MSF distillation operates in a series of flash chambers with steam created from seawater 

with gradually reduced pressure. The main advantages of this technology are the same as for 

the MED, whereas the main disadvantage is the temperature limit of the top brine to 

prevent corrosion and scale formation resulting in high energy consumption. 

Two main elementary process principles are involved in the membrane technology. RO is 

mostly based on the rejection of the monovalent ions, whereby saline water under pressure 

is transferred across a membrane, whereas the other membrane processes are designed to 

remove materials of increasing size (bivalent ions), such as NF, ultrafiltration (UF) and 

microfiltration (MF). The characteristics of RO membranes originate from the chemical and 

mechanical properties of the polymeric material that forms a coated, compact and 

asymmetric configuration. In the last decades many technological developments have been 

made for the membrane technology especially in the material research (carbon nanotubes, 

fullerene, aquaporin channels, new protein-based membranes, etc) to increase permeability, 

durability and selectivity for water purification and make this technology more economically 

favorable [40]. 
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1.4 Liquid –  liquid extraction as alternative technology for water – salt 

separation 

Liquid – liquid extraction (LLX) is an affinity separation technology, in which a solvent is 

added to the feed that is (partially) immiscible (see Figure 1.3). The solutes in the feed can 

partition over the feed phase and the solvent phase, also known as the extract phase [41].  

In order to develop a separation process, it is essential that the distribution of one 

component is significantly different from the distribution of other component present in the 

system, and ideally the difference in the distribution, defined as the selectivity, is as large as 

possible, to effectively separate water and salt [42] 

The distribution of the individual species (species 1 and species 2) over the two aqueous 

phases is defined on mass basis as defined in Equation 1.1. 

�� =	 (��)	(��)
 	 , � = 1, 2           1.1 

Many liquids are only partially miscible, but in some cases the mutual solubility is so small 

that for practical purposes the liquids may be considered immiscible [43]. In order to use 

extraction as an effective technological technique, the solvents should be selected by the 

solubility criterion that allows the formation of a two phase system in actual process 

conditions. 

Partial miscibility in liquids is often called phase splitting. The thermodynamic criteria which 

indicate phase splitting are well understood regardless of the number of components. For a 

binary system, phase splitting occurs when 

����	
���� ��,� + �� � ��� + ���� < 0         1.2 

where gE is the molar excess Gibbs energy of the binary mixture, xi the liquid phase mole 

fraction of component i, R is the gas constant and T the absolute temperature in K. For a 

representation of the excess Gibbs energy, several models in literature are available, such as 

the NRTL model [43]. Using a model for the liquid – liquid equilibrium, activity coefficients 

for components in the system can be determined. 

The compositions of the two phases present in the system can be calculated when the 

activity coefficients are known. The condition for equilibrium over the two phases can be 

described by Equation 1.3. This condition states that the activity of component i in the heavy 
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phase should be equal to the activity of this component in the light phase, for which activity 

coefficients of the component i (γi) and mole fractions in both phases are used. 

(����)� = (����)��     1.3 

Equilibrium predictions are common necessities in chemical engineering, which require the 

interpolation and extrapolation of thermodynamic data. For a typical mixture, deviations 

from ideality are frequently large, since the assumption of an activity coefficient equal to 

unity for all components, at all compositions, is not valid. The more the activity coefficient γ 

deviates from unity, the more non-ideal the mixture [45]. 

In the majority of the mixtures, the activity coefficient has a value larger than unity, which 

indicates repulsion between unlike molecules. If the repulsion between two kinds of 

molecules is very strong, liquid – liquid phase separation occurs. It is less common that the 

activity coefficient has a value smaller than unity, but in these cases the activity coefficient 

can be interpreted as a strong attraction between unlike molecules, which may lead to the 

formation of complexes, for example hydrogen bonds.   

Classical thermodynamics relates activity coefficients to experimental quantities. A useful 

tool for correlating and extending limited experimental data is the Gibbs-Duhem equation, 

which uses the results efficiently. The equation says that, in a mixture, the activity 

coefficients of the individual components are not independent of one another but are 

related by a differential equation. The Gibbs-Duhem equation for a binary mixture is given in 

Equation 1.4. [43]For practical work, the utility of the Gibbs-Duhem equation is best realized 

through the concept of excess Gibbs energy (GE). The excess Gibbs energy is the observed 

Gibbs energy of a mixture above and beyond what it would be for an ideal solution at the 

same temperature, pressure and composition.  

�� ��  ! "���� ��,� = �# ��  ! "���� ��,�     1.4 

The total excess Gibbs energy of a binary mixture containing n1 moles of component 1 and 

n2 moles of component 2 is given in Equation 1.5.  

$% = ��(&� ln �� + &# ln �#)     1.5 

The equation above results in a expresion for the total Gibbs energy of the mixture as a 

function of both γ1 and γ2. By applying the Gibbs-Duhem equation, it will be possible to 

relate individual activity coefficients to the total excess Gibbs energy of the system. 
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�� ln �� = ��)	
�*���,�,*�      1.6 

�� ln �# = ��)	
�*���,�,*�      1.7 

In industrial practice, since LLX has been introduced, many applications have been found and 

developed. LLX, or solvent extraction, is a separation technology based on the relative 

solubility of a component in two different immiscible or only partly miscible liquids. The feed 

stream to a LLX consists of a solution, which consists of a carrier and the desired solute. 

When the (extraction) solvent comes in intimate contact with the feed stream, the solute 

will be transferred to the solvent, due to a higher affinity for the solute than the carrier. The 

exiting solvent phase, which is loaded with the solute due to the extraction step, is called the 

extract flow. While the exiting carrier phase, with a lower concentration of the solute, is 

called the raffinate flow. 

For industrial applications, a single stage extraction step is often not satisfactory, because of 

the extent of the extraction of solute into the solvent is not enough. To overcome this 

disadvantage a series of contacting stages can be lined-up in a cascaded multistage 

extraction (see Figure 1.3). A way to optimize the efficiency of the separation countercurrent 

arrangement is often applied. During a countercurrent operation, the feed stream enters the 

column at the first stage where it comes in intimate contacts the solute-rich stream, which 

has already passed the other stages, while the final raffinate stream will come in contact 

with the pure solvent.  

In the countercurrent arrangement, the heavy phase is fed at the top of the extraction 

column and the light phase is fed to the bottom of the column. Since both phases have 

different densities and are immiscible, a crossover between the two flowing phases occurs. A 

large contact area of both phases and intimate contact (i.e. by thorough mixing) at the 

different stages, leads in obtaining a fast establishment of equilibrium on these different 

stages. After multiple extraction, the immiscible phases will separate and the extract- and 

the raffinate flow are obtained. Finally the solvent needs to be recovered from the extract 

flow, so that the solvent can be recycled. 

 



 

 

Figure 

liquid

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

solute t

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

are 

LLX using a solvent that extracts the water instead of the salt.

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

 

Figure 

liquid

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

solute t

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

are 1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Figure 1

liquid-liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

solute t

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

1.4.1

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

1.3: 

liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

solute to recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

1.4.1

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

 Concept of liquid 

liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

1.4.1 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid 

liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

 LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

evaporation of the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid 

liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid 

liquid equilibrium)

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid 

liquid equilibrium) 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid 

 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

Concept of liquid – liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

evaporation of the 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

the 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

the solvent is low as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

the solv

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

solv

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with 

solvent

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

LLX to extract solute with a 

ent 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

a volatile solvent followed by 

 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

liquid extraction (multi-

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

efficiency of extraction is high (high distribution 

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

-stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

 coefficient

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

coefficient

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt.

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

coefficient

as compared to that of water

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

LLX using a solvent that extracts the water instead of the salt. 

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

coefficient

as compared to that of water 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

 

volatile solvent followed by 

This LLX concept can be very energy efficient compared to 

coefficient) and preferably the 

 (see 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, dispo

stage extraction –

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

volatile solvent followed by 

This LLX concept can be very energy efficient compared to water 

) and preferably the 

(see Figure 

Some other peripheral properties of solvents are also important such as avoiding accidental 

evaporation, viscosity, toxicity, flammability, reactivity, cost, disposal, etc.

– single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

volatile solvent followed by 

water 

) and preferably the 

Figure 

Some other peripheral properties of solvents are also important such as avoiding accidental 

sal, etc.

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

volatile solvent followed by 

water evaporation if the 

) and preferably the 

Figure 

Some other peripheral properties of solvents are also important such as avoiding accidental 

sal, etc.

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are poss

1) LLX to extract solute with volatile solvent followed by evaporation of 

volatile solvent followed by 

evaporation if the 

) and preferably the 

Figure 1.4

Some other peripheral properties of solvents are also important such as avoiding accidental 

sal, etc. 

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

boilers, this process concept is not optional. Two other LLX concepts are possible, and these 

1) LLX to extract solute with volatile solvent followed by evaporation of the 

volatile solvent followed by 

evaporation if the 

) and preferably the 

4). 

Some other peripheral properties of solvents are also important such as avoiding accidental 

 

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

the 

volatile solvent followed by 

evaporation if the 

) and preferably the 

 

Some other peripheral properties of solvents are also important such as avoiding accidental 

 

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

the solvent, 2) 

evaporation if the 

) and preferably the 

Some other peripheral properties of solvents are also important such as avoiding accidental 

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

solvent, 2) 

evaporation if the 

) and preferably the heat of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

single stage extraction 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

solvent, 2) 

evaporation if the 

heat of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

9

single stage extraction –

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

solvent, 2) 

evaporation if the 

heat of 

Some other peripheral properties of solvents are also important such as avoiding accidental 

9 

– 

If the solute is volatile, then extracting with a high boiling solvent and flashing the extracted 

o recover the product and the recycle the solvent is typically preferred, but since the 

topic of this thesis is concentration of aqueous salt solutions, and the solutes are high 

ible, and these 

solvent, 2) 

evaporation if the 

heat of 

Some other peripheral properties of solvents are also important such as avoiding accidental 



10 
 

 

Figure 1.4: Process concept for concentration of aqueous salt solutions through liquid – liquid 

extraction with volatile solvents followed by evaporation of solvent 

1.4.2 LLX using a solvent that extracts the water instead of the salt 

Concentration of aqueous salt solutions could also be done through the removal of water, 

for which liquid extraction [15,46] could be applied. Besides volatile solvents, polymers may 

also be used for extractive concentration of salts [47,48,13]. Formation of ATPS systems, first 

observed in 1896 by Beijerinck [49] has been reported for a range of polymers with different 

salts [50] ATPS systems are usually mentioned in conjunction with the separation of 

biomolecules [51,52,53,54]. However, because of the difference in distributions of water and 

salt over the two aqueous phases, ATPS might also be suitable to concentrate aqueous salt 

solutions and obtaining purified water. The use of polymers in extractive salt concentration 

is especifically interesting if the ATPS is temperature responsive, i.e. the miscibility gap 

between the two aqueous phases changes with changing temperature [55]. 

Two main aspects are related with the thermo-responsive stimuli and they are based on 

water solubility at either a lower critical solution temperature (LCST), the critical 

temperature below which the components of a mixture are miscible for all compositions and 

an upper critical solution temperature (UCST), the critical temperature above which the 

components of a mixture are  miscible in all proportions [56,57,58] (see Figure 1.5). Systems 

with thermoresponsive polymers can have complete miscibility or partial miscibility with 

different levels of mixing. The cause of this immiscibility and thermo responsive stimuli is the 

free energy of mixing ΔGm: 

∆$, 	= 	∆-, −	�∆/,         1.8 
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Figure 1.6: Process concept for concentration of aqueous salt solutions through liquid – liquid 

extraction with polymers followed by thermally induced phase separation  

In order to develop LLX-IPS based processes to concentrate aqueous salt solutions, three key 

conditions need to be satisfied.  

1) a biphasic system needs to be formed;  

2) the salt and the water need to distribute differently, i.e. the polymer should 

extract either the water or the salt preferentially, so that a separation can be 

realized;  

3) the polymer should be recoverable from both the extract phase and the raffinate 

phase, e.g. by temperature swing induced phase separation.  

In the study presented in this thesis, all three criteria (formation of a biphasic system, 

differentiation in distribution of salt and water, and recoverability of the polymer through 

temperature swing) have been investigated. In the first part, formation of aqueous biphasic 

systems is studied, and the most promising systems forming two phases are investigated in 

more detail by measuring the distributions of the salt, the polymer and water at different 

temperatures to explore on the separability of water and the salt, and the possibility to 

recover the polymer by temperature induced phase separation. 
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1.5 Thermoresponsive polymers and their applications 

Smart materials with different stimuli-responsive effects (temperature, light, pH, sugar 

concentration, enzyme activity, oxidation-reduction, etc.) are of great interest when looking 

into new low energy requirements in recovery step of LLX with solvents [55]. 

In the area of responsive polymers, temperature is the most extensively investigated 

external stimulus. This potential benefit has been applied for a range of biologically relevant 

technologies, including controlled drug delivery, bio-separations, etc. [60]. The temperature 

stimuli effect for polymer molecules is present due to strong hydrogen bonding interactions 

with the immediate water molecules and limited intra- and intermolecular hydrogen 

bonding. Hydrogen bonding with water can be disordered by temperature increase of the 

solution, which makes intra- and intermolecular hydrogen bonding/hydrophobic interactions 

more dominant, which results in a transition in solubility. One of the most important 

parameters for these smart polymers is the transition temperature of a polymer in solution. 

Because transition temperatures of the thermoresponsive polymers are between room 

temperature and body temperature these smart materials have potential use in biomedical 

applications [61,62]. Also, in different large scale industries, these induced transition 

temperatures of ca. 20°C can be very beneficial to reduce high energy demands in the 

solvents recovery step.  Additionally, the LCST can be adjusted by copolymerization and 

tailoring the hydrophilic or hydrophobic character by different hydrophobic or hydrophilic 

co-monomers or end group transformations. The benefit of increasing the hydrophilic nature 

of the polymers is that the total hydrogen bonding ability of the macromolecules increases, 

extracting more water to the polymer phase, but leading to higher transition temperatures. 

Incorporating hydrophobic groups lowers the LCST and causes a water structure disorder 

around the macromolecules which develops the interaction of hydrophobic species.  

One more thermal benefit of temperature stimuli polymers is that LCST can also be changed 

in the presence of additional solution components (e.g., co-solvents, salts, etc.). These 

components affect the hydrogen bonding ability and/or electrostatic interactions of the 

polymers in solution. Anions have a larger effect on solubility (temperature) transitions 

compared to kations, and while the mechanism of action is not entirely understood, it has 

been suggested that changes in solubility are a result of interactions between the ions and 
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the macromolecules and between the ions and the hydration shell around the 

macromolecule [63]. 

These smart polymers are usually non-toxic, produced on large scale and some of them with 

low viscosity. 

1.6 Outline of the thesis 

The objective of the work described in this thesis is to develop a novel, energy-efficient 

process concept for concentrating salt solutions. When applying liquid – liquid extraction, 

the high energy demand for water evaporation can be avoided. Both strategies that are 

explained in the previous sections have been studied. Chapters 2 – 5 describe studies with 

regard to the concentration of aqueous salt solutions with low molecule on weight solvents, 

and the Chapters 6 – 8 describe studies on the concentration of aqueous salt solutions using 

polymer solutions. These polymer based solvents may as well be applied for fractionation of 

two salts, and the results of that study are presented in Chapter 9.  

The second Chapter describes a study on the use of liquid – liquid extraction for the 

concentration of ferric chloride solutions, and a range of commercially available solvents 

(e.g. ethers, phenols, amides, thiols, amines) is screened where it is not clear a priori 

whether the solvents would preferentially extract water or salt. From the screening it is 

concluded that no small molecule solvent showed sufficient selective water extraction,. 

Diethyl ether and diisopropyl ether are the most promising because of their high affinity for 

ferric chloride and rather low heat of evaporation (∆Hvap, diethyl ether = 357.8 kJ/kg and ∆Hvap, 

diisopropyl ether = 284.8 kJ/kg), hence there is possibly a low energy requirement for solvent 

recovery. Diethyl ether and diisopropyl ether are selected for a more detailed study, in 

which the FeCl3 extraction as well as the recovery by ether evaporation are studied, 

optionally combined with water stripping to yield a final salt concentration of 45-65 wt%.  

Within the third Chapter, the LLX process with diethylether and diisopropylether is studied, 

and several parameters are investigated for a better thermodynamic understanding and 

comparison of these two ethers. Liquid – liquid equilibrium experiments are conducted for 

diethyl ether – water – hydrochloric acid and the mutual solubility of ether and water, 

partitioning of HCl are compared with the literature data for the ternary system of 

diisopropyl ether – water – hydrochloric acid [64]. For the effect of HCl concentration on 
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FeCl3 partitioning quaternary liquid – liquid equilibrium experiments for diethyl ether – 

water – hydrochloric acid – ferric chloride systems are conducted and compared with the 

diisopropyl ether – water – hydrochloric acid – ferric chloride reported data [65]. In Chapter 

4 the development of an adequate thermodynamic model that describes the liquid – liquid 

behavior of the quaternary system (FeCl3, diisopropyl ether, hydrochloric acid and water) is 

described. For the equilibrium description the NRTL-model has been applied, and the study 

included experimental validation and fitting of the NRTL-parameters on validated data. For 

this validation, equilibrium experiments are performed for the ternary systems water – HCl – 

DiPE and water – FeCl3 – DiPE. 

In Chapter 5 a conceptual process design to concentrate ferric chloride solutions using 

diisopropyl ether, including the solvent recovery step and HCl purification step is described 

and simulated using Aspen Plus and compared with the triple effect evaporation process of 

ferric chloride concentration. A thermodynamic model (non-random two liquid (NRTL) 

model) is applied to describe this biphasic FeCl3 – HCl – DiPE – Water quaternary systems. 

Using ASPEN Economic Evaluation V7.3 a rough estimation for the capital costs is made. 

In Chapter 6 the phase behavior of ternary systems containing water, salt (NaCl, Na2SO4, and 

FeCl3) and polymer is studied at room temperature (294 K) and atmospheric pressure for in 

total 53 commercially available polymers. Formation of aqueous two phase systems (ATPS) is 

studied for various solvent/feed ratios (mass) of (0.25 < S/F < 0.75), and initial salt 

concentrations of 5 wt % < [salt]initial < 30 wt %. Several polyether (block co)polymers are 

found to be suitable for creating ATPS with NaCl and Na2SO4 with reasonable distributions of 

water. These systems have been analyzed more detailed by liquid – liquid equilibrium 

experiments at 294 K and 314 K. The final element of this Chapter is a study on temperature 

responsive recovery by induced phase splitting. 

In Chapter 7 the results of experimental ternary equilibrium experiments are reported for 

the (block co)poly ethers – sodium chloride – water systems at two different temperatures 

at 298.15 K and 313.15 K and atmospheric pressure. In Chapter 8 the results of experimental 

ternary equilibrium experiments are reported for the (block co)poly ethers – sodium sulfate 

– water systems at two different temperatures at 298.15 K and 313.15 K and atmospheric 

pressure. Experimental equilibria at each temperature are correlated with empirical 
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equations and the regressed parameters are presented. The obtained binary interaction 

parameters to describe the ternary liquid – liquid systems at different temperatures by the 

NRTL model are presented.  

Since it has been found in the Chapters 7 and 8 that the salts NaCl and Na2SO4 distribute 

significantly different, the option to fractionate the salts by liquid – liquid extraction with 

thermoresponsive polymers as a novel concept has been studied and the results of 

experimental quaternary equilibrium experiments are reported in Chapter 9. As particular 

show case, the fractional extraction of sodium chloride from brines containing also sodium 

sulphate is studied, using  four different polymers (Dehypon® LS 54, PPG 425, Pluronic® L31 

and Triton® X – 15). The quaternary systems of these polymers with water, NaCl and Na2SO4 

are studied at 283.15 K and 298.15 K. From experiments at 298.15 K, it is concluded that the 

polymer Dehypon® LS 54 showed the most interesting combination of extraction yield of 

chloride and selectivity over sulphate, and therefore induced phase splitting for polymer 

recovery is studied with this polymer. For this study, the collected extract phases are 

subjected to a temperature increase to T/K = 323.15, 333.15, 343.15 and 353.15 and the 

thermoresponsive phase splitting experiments are correlated with the NRTL model for 

298.15 < T/K < 353.15. 

Finally in Chapter 10, the major conclusions and recommendations are given.  
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2. Novel Extraction Based Strategies for the 

Concentration of Ferric Chloride 

 

The content of this Chapter has been published as: 

M. Milosevic, B. Schuur, and A.B. de Haan, Novel extraction strategies for the concentration 

of ferric chloride, Chem. Eng. Trans. 24, (2011) 733 – 738 

 

 

Abstract  

The objective of this research was to develop a novel, energy-efficient process concept for 

concentrating ferric chloride solutions. When applying liquid – liquid extraction, the high 

energy demand for water evaporation can be avoided. This Chapter describes a study on the 

use of liquid – liquid extraction for the concentration of ferric chloride solutions. First, a 

range of commercially available solvents (e.g. ethers, phenols, amides, thiols, amines) was 

screened at room temperature and under atmospheric pressure for an initial FeCl3 

concentration of 20 wt%, using a solvent-to-feed (S/F) ratio of 0.25. From the screening it 

was concluded that diethyl ether and diisopropyl ether were the most promising because of 

their high affinity for ferric chloride and possible low energy requirement for solvent 

recovery, thus those two solvents were selected for a more detailed study. The FeCl3-

extraction was studied at equilibrium for 0.5 < S/F < 1; 0 < pH < 1; 5 wt% < FeCl3,initial < 30 

wt%), and at 295.15 K and atmospheric pressure. 

 A complete (100% extraction yield, initial concentration 10 wt%) FeCl3 extraction was 

coupled to a recovery by combined ether evaporation and back extraction with water to 

yield a final salt concentration of 45-65 wt%. Based on this result, it is concluded that 

extractive concentration of FeCl3 with ethers is a promising technology that will be evaluated 

further in Chapters 3 and 4. 
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2.1 Introduction 

Among the most energy intensive processes in the chemical industry concerns water 

removal from polar mixtures with high boiling components, e.g. salts. Water is usually 

removed by triple effect evaporation (TEE), which is highly energy demanding due to the 

high evaporation enthalpy of water. 

Ferric chloride or anhydrous iron(III) chloride is a highly hygroscopic compound which 

hydrolyzes in water, resulting in a brown, acidic and corrosive solution. Ferric chloride is an 

important chemical, because it is used for sewage treatment and for the production of 

drinking water [1-3]. 

The industrial manufacturing of ferric chloride is carried out by an exothermic reaction 

between ferric oxide and excess hydrochloric acid, resulting in an aqueous salt solution, 

usually ranging in concentration from 5 wt% to 30 wt% [4]. To achieve a trading 

concentration of at least 40%, a concentration step is required, for which typically triple 

effect evaporation (TEE) of water, is used, which is very energy intensive [5-7]. 

Alternatively, liquid – liquid extraction (LLX) could be used to realize a more energy effective 

concentration method. Concentration of salt solutions can be obtained by water or salt 

extraction [8]. Extraction of iron (III) and other metal impurities has been reported for 

processing of waste chloride liquors from minerals processing streams and in the mining 

industry after hydrometallurgical processes of recovering a number of nonferrous metal ions 

such as nickel(II), cobalt(II) and copper(II) [9-12]. 

In this Chapter, a study on the use of LLE for the concentration of ferric chloride solutions is 

reported. A range of commercially available and presumably acceptable solvents (e.g. 

ethers, phenols, amides, thiols, amines) were evaluated, after which a more detailed study 

was done for the most promising solvents (ethers), including optimization of the single stage 

equilibrium extraction conditions, and screening of recovery options.  
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2.2 Experimental 

2.2.1 Reagents 

Solid anhydrous ferric chloride (reagent grade, >97%), nitric acid for iron(III) atomic 

absorption spectrometry,4-tert-butylcatechol (>97%), 2,3,6-trimethylphenol (≥97%), 1-

dodecanol (≥98%), 2-ethyl-1-hexanol (≥99%), methyl tert-butyl ether (>99.8%), 2-methyl-1-

propanol, (≥99%) 2-methyl-1-pentanol (99%), 2 ethyl-1-butanol(98%), phenol (≥99%), tert-

butanol(≥99.7%), 2-ethyl-1-hexanol(≥99%), and diisopropyl ether (≥98%) were purchased 

from the Sigma Aldrich, and diethyl ether was purchased from  VWR. Hydrochloride acid was 

purchased from the Merck.  

2.2.2 Experimental equipment and procedures 

LLE experiments were carried out in magnetically stirred (500 rpm) glass vessels of 100 and 

200 mL. A separatory funnel was used to separate the phases before analysis. Recovery by 

solvent stripping experiments was carried out using a rotary evaporator (VWR IKA HB 10 

digital in combination with an IKA RV 10 basic rotator). 

Solvent screening experiments were carried out by mixing 40 g FeCl3-solutions (20 wt%) with 

10 g solvent in glass vessels for 30 minutes at 500 rpm at 295.15 K and at atmospheric 

pressure. After stopping the stirring, the mixtures were transferred to a separatory funnel, in 

which the phases were allowed to settle for 1 hour. The phases were weighed separately, 

after which samples of 5 mL were collected from both phases for analysis of the water 

content (in the extract phase) and the iron content (in the raffinate phase). 

For the extraction experiments to optimize the single stage extraction conditions with 

diethyl ether and diisopropyl ether, a similar approach was followed as above. Samples of 30 

g FeCl3-solutions (10 wt%) were mixed with 15 g of solvent, and the co-solvent HCl was 

added in the range of 1 – 10 mol/L 

For the experiments to determine the time required to reach equilibrium for extraction with 

diethyl ether and diisopropyl, the mixing time was varied from 1  to 90 minutes.  

Recovery of diethyl ether and diisopropyl ether experiments were carried out with samples 

from the extraction experiments, for [FeCl3]initial = 10wt% and S/F of 0.5. To the extract phase 

of the experiments, 1 < mwater < 5 g water was added. The raffinate phase was analyzed for 



26 
 

the iron content for solvent stripping. The same procedure was repeated for the solvent 

removal by the rotary evaporator. The final product was analyzed for the iron content. 

2.2.3 Analytical procedures 

Weight measurements were carried out using a Mettler Toledo AX205 balance (d = 0.01 mg). 

For salt content analysis, 2-5 mL samples were collected from the raffinate phase. The salt 

content was determined by atomic absorption spectrometry (AAS), using a Varian SpectrAA 

110 spectrometer (standard deviation < 2%).  For water content analysis, 3-5 mL samples 

were collected from the extracted phase. The water content was analyzed using Karl Fischer 

Titration (795 KFT Titrino Metrohm, standard deviation +/–0.5%). Total concentrations in 

both phases were determined from mass balances. 

2.3 Results and Discussion 

2.3.1 Solvent screening 

To examine the possibility of salt concentration via water extraction, a basic calculation for 

the heat required for water evaporation was done using the heat of vaporization of water 

for the ferric chloride feed of 200 ktons per year of 40 wt% product. Initial salt 

concentrations were 5 < [FeCl3]initial < 30 wt%. The results are presented in Table 2.1. An 

estimation for triple effect evaporation (TEE) is presented as well, with the assumption that 

it requires 33% of a single stage evaporation. To acquire a promising novel technology in 

terms of energy saving, a 75% in energy reduction was taken as the objective. 

Table 2.1: Basic energy requirements calculations for water evaporation from an initial feed for a 

final product of 200 ktons ferric chloride 40 wt% 

FeCl3, initial 

 [wt%] 

Feed 

[kTons/y] 

Heat required 

[kJ/s] 

TEE 

[MW] 

75% Reduction 

[MW] 

30 267 4797 1.599 0.400 

20 400 14319 4.773 1.193 

10 800 42957 14.319 3.580 

5 1600 100232 33.410 8.353 

 

An additional calculation is done to determine the minimal required water absorption 

capacity by the solvent to attain the same energy consumption as water TEE and to achieve 
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the objective of 75 % energy reduction compared to TEE of concentrating ferric chloride 

solution from 10 wt% to 40 wt%. These values are based on the enthalpy of evaporation 

(kJ/mol) of the solvents and the molar mass. Any needed energy consumption for 

purification/recycling of the solvent has not been taken into account at this stage. The 

results are presented in Figure 2.1. From the Figure 2.1 it can be seen that less of minimum 

water absorption is required for the ether group of solvent compared to the alcohol group. 

 

Figure 2.1: Comparison of different solvents with respect to the minimal water absorption ability 

required; black: minimum water absorption for equal energy consumption to TEE of water, light 

grey: water absorption for 75% energy reduction compared to TEE of water from 10 wt% to 40 wt% 

for ferric chloride 

The solvent screening experiments carried out as described in section 2.3, showed that two 

phase systems (TPS) were formed for most of the solvents with ether and alcohol groups 

(Figure 2.2). From the investigated solvents tetraethylene glycol dimethylether, 4-Tert-

butylcatechol and 2,3,6-trimethylphenol did not form a separate solvent phase. Some 

solvents like 1-dodecanol, and tert-butanol had to be preheated first to liquefy them. Once 

added to the solution, no solidification occurred any more at room temperature. This can be 

explained by binary interactions achieving a eutectic point where lower temperatures are 

acquired to obtain a phase change from liquid to solid. Solvents with alcohol groups provide 

the ability of partiall absorption of water (10 wt%), while phase separation easily occurs. The 

smaller the carbon chain, the higher the absorption of water during the extraction. Note that 

for ethanol the formation of a one phase system with the FeCl3 solution occurs. 
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Tert-butanol or 2-methyl-2-propanol are commonly used solvents for different industrial 

applications and are very soluble in water. Tert-butanol in combination with salt can be used 

for selective removal of water out of the aqueous salt solutions [13]. This effect was even 

stronger at higher temperatures. In combination with ferric chloride it created a two phase 

system containing solid particles. One of the major drawbacks of tert-butanol is the reaction 

with hydrogen chloride (HCl) causing the formation of tert-butyl chloride and water via the 

SN1 mechanism [14]. This property is especially important for tertiary alcohols which are 

relatively stable to compensate the cation in the intermediate stage due to sp3 inductive 

electron donator effect.  Primary and secondary alcohols do not have this effect due to the 

lack of cation stabilization during the rate limiting step of this reaction. The unknown solid 

phase was separated from the solution with a Buchner funnel under vacuum in order to 

analyze its composition with an electron microscopy. The presence of iron had been 

detected with this method.  Next to expected iron peaks an oxygen peak was present with a 

surface area of around 42%. This suggests the existence of an oxidized state, for example 

FeO∙Fe2O3 (iron (II,III) oxide). 

The salting out effect has been partly studied with the ternary systems of water+butanols + 

NaCl or KCl salts [15]. Butanol included isomers: 1- and 2-butanol, and 2-methyl-1-propanol 

and 2-methyl-2-propanol differing in chemical character of alcohol group, being a primary 

(first isomer), secondary (second and third) and tertiary alcohol (forth isomer). All of these 

systems show a three phase region (liquid-liquid-solid). The region of this three phase 

separation occurs at salt concentrations in the aqueous phase starting from 23-25 wt%, 

which is in the same salt range as experiments performed in this research. The experiments 

done with 2-methyl-1-propanol showed water absorption of 10.4 wt% and the iron 

concentration in the extract is lower than 1 wt%. 

From the experimental results (Figure 2.2), we can see that the alcohols are performing 

better in the water extraction scenario and ethers in the ferric chloride scenario. If we 

compare now the estimated with the experimental values from the Figure 2.1 and Figure 

2.2, we can see that for a 75 wt% reduction in energy compared to TEE we require 70 – 80 % 

of water absorption for alcohols and for ethers around 40 – 60 % water uptake (Figure 2.1). 

These values are not achieved in the experiments (Figure 2.2) where the best values 

obtained for alcohols are a maximum of 10 wt% water uptake while for ethers the water 
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uptake is less than 2 wt%. Besides water, also some amounts of ferric chloride are extracted, 

which leads to diluted ferric chloride raffinate solutions. From this we can conclude that 

water absorption will never provide the 75% reduction. 

Furthermore, from the solvents that have created TPSs, diethyl ether and diisopropyl ether 

showed the highest yield of FeCl3 extracted and lowest co-extraction of water (see Figure 

2.2). For these reasons these two solvents were considered the most promising for ferric 

chloride extraction, and will be examined further in next section. 

 

Figure 2.2: Ferric chloride (black) and water (light grey) weight percentage concentration in extract 

phase after LLE at 295.15 K and atmospheric pressure at S/F = 0.25 

2.3.2 FeCl3 extraction with ethers 

Both diethyl ether and diisopropyl ether showed promising extraction results in the 

preliminary screening, and because it is known that adding HCl to the feed is beneficial for 

the extraction yield, we studied the effect of the HCl concentration on the extraction yield as 

illustrated in Figure 2.3. It can be seen that quantitative extraction (> 99 % yield) was 

obtained in the range between 6 – 8 mol/L of HCl for both examined ethers. For 

concentrations of HCl between 0 – 6 mol/L, the extraction yield of ferric chloride is higher for 

diethyl ether than for diisopropyl ether. This can be explained by the fact that more water is 

present in the ether phase for diethyl ether compared to diisopropyl ether (Chapter 3, Figure 

3.1(d)) in the range of 0 – 6 mol/L HCl for ternary systems water – ether – HCl, and more of 

the anionic chloride complex FeCl4
- will be extracted to the ether phase. At HCl 
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concentrations higher than 8 mol/L the extractive capacity of ethers is decreasing, because 

the aqueous volume is increasing due to the enhanced ether solubility at higher acidity [16]. 

 

Figure 2.3: Extraction capacity of diethyl ether (����), diisopropyl ether (����), as function of 

hydrochloric acid concentration at 295.15 and atmospheric pressure at S/F = 0.50. Lines are to 

guide the eye 

 

Figure 2.4: Extraction time for diethyl ether (����- 5.27, ���� - 6.60, ���� - 7.20 HCl mol/L) and diisopropyl 

ether (����-5.29, - 6.65, ���� - 7.94 HCl mol/L) at 295.15 and atmospheric pressure at S/F = 0.5. Lines 

are to guide the eye 

The results of the time dependence experiments (Figure 2.4) for the extraction with ethers 

at a S/F ratio of 0.5 showed that the equilibrium is achieved within 1 minute for all 

experiments except for diisopropyl ether at [HCl]initial of 5.29 mol/L for which equilibrium is 

established between 1 and 20 minutes. From Figure 2.4 it can be observed that for the same 
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extraction capacity less HCl is required for diethyl ether than for diisopropyl ether until 

[HCl]initial of 6M and these diisopropyl systems need more than 1 minute for the equilibrium 

Figure 2.4. This due to the solubility of diisopropyl ether in aqueous hydrochloric acid 

solution and polymerization effect of ethereal iron [17]. 

2.3.3 Solvent recovery 

Solvent stripping experiments with pure water were carried out as explained in section 2.3. 

It was observed that for diethyl ether the maximum concentration in the strip phase was 14 

wt% FeCl3, and for diisopropyl ether 17.5 wt% FeCl3. The same procedure with water 

stripping has been reported before for the ferric chloride in acid solutions, and the same 

equilibrium effect was observed. Hence, there is a strong connection between the extracted 

iron complex and the ether, in the function of the hydrochloric acid amount present in the 

solution [18]. Addition of more water would lead to more dilute ferric chloride solutions 

[19]. However, when in addition to adding pure water to the system, an evaporation step 

was applied to simultaneously evaporate the ether, aqueous FeCl3 concentrations up to 64 

wt% were obtained (Figure 2.5). For diethyl ether, evaporation was carried at temperature 

of 35°C and a final product of 45 wt% FeCl3 was obtained. For diisopropyl ether, evaporation 

was carried at temperature of 75°C and a final product of 63 wt% FeCl3 was obtained. It is 

obvious that the there is a big effect of HCl concentration on the ferric chloride extracted for 

both ethers. Details thermodynamic analysis is required for a better understanding, which is 

reported in the next Chapter of this thesis. 

Considering the goal of 75% energy reduction of the novel concept compared to the triple 

effect evaporation technology of water, the evaporation of solvents (ethers) with a low 

enthalpy of evaporation would still be an interesting option. The heat of vaporization for 

ethers (∆Hvap, diethyl ether = 357.8 kJ/kg and ∆Hvap, diisopropyl ether = 284.8 kJ/kg) is almost ten times 

lower when compared to water (∆Hvap, water = 2257.8 kJ/kg), indicating that a maximum 

reduction of energy is around 70% for the recovery of ethers compared to water as the TEE 

of water is one third of water heat evaporation. 
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Figure 2.5: Concentration of ferric chloride after stripping and evaporation step for a) diethyl ether 

and b) diisopropyl ether 

2.4 Conclusions 

Liquid – liquid extraction of FeCl3 with ethers, followed by combined stripping and back 

extraction as recovery step, is a promising novel technology for the concentration of ferric 

chloride solutions.  

From solutions with an initial salt concentration of 10 wt%, quantitative extraction of FeCl3 

could be achieved in a single equilibrium stage at HCl concentrations ranging from 5 – 8 

mol/L. After recovery by combined solvent evaporation and back-extraction with pure 

water, a final salt concentration of 45-65 wt% could be obtained. The extraction process is 

fast, equilibrium was reached within 1 minute. For a better understanding of this quaternary 

FeCl3 – Ether – Water – HCl system a thermodynamic analysis is necessary. These systems 

are described in more detail in Chapter 3. 
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3. Thermodynamic analysis of ethers 

 

Abstract 

In the Chapter 2 a promising liquid – liquid extraction was proposed as a possible low energy 

technology for the concentration of ferric chloride solutions by diethyl ether and diisopropyl 

ether. Within this Chapter several parameters were investigated for a better thermodynamic 

understanding and comparison of these two ethers. Liquid – liquid equilibrium experiments 

were conducted for diethyl ether – water – hydrochloric acid (HCl) and the mutual solubility 

of ether and water, partitioning of HCl were compared with the literature data for the 

ternary system of diisopropyl ether – water – HCl [1]. For the effect of HCl concentration on 

ferric chloride (FeCl3)partitioning a quaternary liquid – liquid equilibrium experiments for 

diethyl ether – water – hydrochloric acid – ferric chloride systems were conducted and 

compared with the diisopropyl ether – water – hydrochloric acid – ferric chloride reported 

data [2]. 

For the ternary system water – HCl – ethers, it is concluded that the contamination by ether 

of the aqueous phase for the diethyl ether system is  higher as compared with diisopropyl 

ether. Also, it was shown that the water concentration in the diethyl ether is significantly 

higher than in the diisopropyl ether system. Compared to the ternary system, volume 

change of the ether phase in the quaternary systems was less than in the ternary system, 

because of the co-extracted water. Dilution of HCl by ether in the aqueous phase decreased 

the HCl activity in this phase. Ether concentrations in the aqueous phase were found to be 

equal for ternary and quaternary systems. The introduction of FeCl3 to the system therefore 

does not introduce extra impurities. The HCl will remain in solution from the excess of HCl 

used in the production process. Overall, diisopropyl ether showed lower solubility in the 

aqueous phase compared to diethyl ether.  Quantitative extraction capacity was found to be 

between 6 and 8M of initial HCl concentration for both ethers. Based on the results of the 

Chapter and the lower energy requirements for the solvent recovery of the diisopropyl ether 

compared to diethyl ether, it was concluded that diisopropyl ether is the more convenient of 

these two ethers in the liquid – liquid extraction of ferric chloride.  
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3.1 Introduction 

In the previous Chapter it was shown based on lower energy requirements that extraction of 

ferric chloride by ethers is a promising technology to replace conventional triple effect 

evaporation (TEE) of water to obtain a concentrated salt solution. Two ethers (diethyl ether 

and diisopropyl ether) have been chosen for the experimental validation of the recovery and 

concentrated ferric chloride solutions up to 63wt% were obtained. However, for a better 

thermodynamic understanding of this HCl – Ether – Water – FeCl3 quaternary systems and a 

more detailed comparison of both ethers a more in-depth analysis of the liquid – liquid 

equilibrium (LLE) is needed. 

To describe the liquid – liquid equilibrium for the solvent extraction of FeCl3 as thorough as 

possible, several parameters were investigated in this Chapter, i.e. the mutual solubility of 

ether and water, partitioning of HCl and effect of HCl concentration on FeCl3 partitioning. 

The distribution of ether and water over the two phase system will result in process stream 

impurities of the envisaged production route (Chapter 4). Since the presence of impurities 

might require the addition of complementary separation steps to the process, increasing 

investment and production costs, the mutual solubility is of great interest for a process 

model evaluation. 

Besides the investigation of the distribution of ether and water over the two phases, the 

partitioning of HCl over both phases might be important. Industrial ferric chloride solutions 

require a certain minimum amount of HCl to avoid the formation of ferric hydroxide. Since 

the extraction capacity of FeCl3 by ethers depends mainly on the HCl concentration in the 

system, changes in HCl concentration can play a major role in the development of a new 

industrial process.  The HCl concentration present in the aqueous phase depends both on 

the distribution of HCl itself and on the distribution of ether and water over the two phases, 

which might cause dilution or concentration of the HCl in the aqueous phase. For a 

comparison of the two ethers and to determine the effect of FeCl3 on the HCl concentration 

in the system, the concentrations of all species will be evaluated in both the ternary and 

quaternary system.  

While data for the diisopropyl ether system are available in the literature [1], the extraction 

system containing the diethyl ether system has not been reported yet. The reliability of a 

model based process design for the quaternary extraction system containing FeCl3, HCl, 
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ether and water, depends directly on the accuracy and precision of determined experiments 

equilibrium data. For this reason, the focus of the experimental work reported in this 

Chapter will be on obtaining reliable experimental data for the diethyl ether – HCl – FeCl3 – 

water system and comparing the performance of the two ethers in the LLE of both 

quaternary systems. 

3.2 Theory 

3.2.1 Ferric(III)chloride in aqueous solutions 

Industrial solutions of FeCl3 are produced using an excess of HCl in the process, which will 

lead to a certain amount of HCl in these solutions [3]. A different method of producing FeCl3 

solutions is to dissolve solid FeCl3 particles in water. Since the equilibrium of water will 

contain some OH- ions, ferric hydroxide, Fe(OH)3, might be formed. Fe(OH)3 is insoluble in 

water. 

H2O	�	H++OH-	
FeCl3+3 OH-�	Fe(OH)3+3 Cl-	
FeCl3+3 H2O �	Fe(OH)3+3 HCl 

To avoid the reaction described above, the equilibrium can be shifted to the left by adding 

HCl to the solution [4,5]. This means that industrial FeCl3 solutions are stabilized by an excess 

of HCl in the production process.  

3.2.2 Ferric(III)chloride in aqueous hydrochloric acid solutions 

Since the extraction of FeCl3 from the aqueous phase to the ether phase was found to take 

place in the presence of HCl [6], and depends on the aqueous HCl concentration, the 

behavior of FeCl3 species was investigated. The iron(III) ions will formed complexed with the 

chloride ions due to the addition of HCl, (see Equation 3.2). The association of the Fe3+ ion 

with the chloride ions in HCl solutions by complex formation was studied by Gamlen and 

Jordan, at a temperature of 20°C, and it is summarized below [7,8]. In the equation for the 

equilibrium ratio (Equation 3.1) the equation of chloride activity in HCl systems was used 

(Equation 3.2) [9]. 
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Fe3++ Cl- � FeCl2+
   6� = 30 

FeCl2++ Cl- � FeCl2
+
   6# = 4.5 

FeCl2
++ Cl- �	FeCl3   6; = 0.73 

FeCl3+ Cl- �	FeCl4
-
   6= = 0.0105 

6� = >FeCli?@FeCli-1Aa
Cl-

=
>FeCli?@FeCli-1Aγ

Cl-
CHCl

                          3.1 

log �DEF 	~ − 0.45 + 0.187 ∙	CHCl     3.2 

3.2.3 Mutual solubilities in binary, ternary and quaternary systems 

Although phase separation occurs in most ether-water binary systems, both components are 

slightly soluble in each other. Mutual solubilities of water, diisopropyl ether and diethyl 

ether at 20 °C are listed in Table 3.1.  

Table 3.1: Mutual solubilities of diisopropyl ether, diethyl ether and water 

Solute Solvent Solubility (g/L) 

Diethyl ether Water 64.2 

Diisopropyl ether Water 9.0 

Water Diethyl ether - 

Water Diisopropyl ether 8.7 

 

Since the extraction process of FeCl3 is influenced by the HCl concentration present in the 

system, impurities (ether in the water stream) in the process streams will occur while 

operating the process on industrial scale, if the mutual solubilities become significant. For 

the diisopropyl ether – HCl – H2O system, mutual solubilities of water and diisopropyl ether 

were investigated as a function of the HCl concentration in the aqueous phase [1]. The 

conclusion from this work was that the mutual solubilities of water and ether increase when 

the HCl concentration in aqueous phase increases. 

Expanding the ternary system to a quaternary system by the addition of FeCl3 to the 

aqueous solution, the mutual solubilities and distribution of both components will be 

influenced. The solubility of water in the ether phase will be increased, since water will be 

co-extracted to this phase. Part of the coextracted water will be associated to the FeCl3 
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species in a complexed form and can be calculated by a stoichiometric relation, but  the 

dependence on the extraction parameters of free water molecules is unknown.  

When a binary phase system of aqueous HCl solution and ether is created, most HCl will be 

present in the aqueous phase. However, research by Gerrard et al. [10] showed that 

hydrogen halides are soluble in organic compounds containing oxygen, such as alcohols, 

esters, glycols and ethers.  

The distribution of HCl between the two phases in the system can be expressed using the 

distribution coefficient of HCl (DHCl) as defined in Equation 3.3.  

�DEF = >DEF?JKLJM>DEF?NOPJQPR    3.3 

In the work of  Campbell et al [1] it can be seen that for the ternary diisopropyl ether – HCl – 

water system a maximum in the aqueous equilibrium HCl concentration was found, as well 

as that more HCl is distributed to the ether phase when the initial HCl concentration in the 

aqueous phase is increased, while the aqueous equilibrium HCl concentrations decrease 

after the maximum of 7.1 M was reached. This suggests a relation with and possible 

explanation for the decrease in extraction efficiency of FeCl3 by diisopropyl ether when the 

initial HCl concentration exceeds 8.5 molar, since the extraction of FeCl3 is determined by 

the HCl concentration present in the aqueous phase.  

Important to note when looking at the maximum HCl concentration in the aqueous phase, is 

that other effects than the distribution of HCl might play a role. When water or ether will 

transfer to the other phase of the two phase system because of increasing mutual 

solubilities, the HCl concentration might be influenced by the changing volume (dilution) of 

the aqueous phase. For this reason, not only the distribution coefficient of HCl should be 

measured, but quantitative measurements of all components present in the system needs to 

be carried out. 

Costa et al. [11] investigated the extraction of FeCl3 by organic species and described the 

mechanism of extraction with ethers, which is influenced by the HCl concentration in the 

aqueous phase. For HCl concentrations in the aqueous phase above 4 M, the anionic 

chloride complex FeCl4
- will be extracted to the ether phase. The anionic chloride complex 

will react with an H+ ion, forming the neutral tetrachloroferric acid (HFeCl4) species, which 

can be solvated by the ether. This solvation results into dissolution by the ether phase.  
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2	Ether(org)+HFeCl4(aq)	�	2 Ether∙HFeCl4(org)    for [HCl] ≥ 4 M 

2 Ether(org)+FeCl3(aq)	�	2 Ether∙FeCl3(org)    for 4 M ≤ [HCl] ≥ 2 M 

For HCl concentrations between 2 and 4 M a similar effect is described. Here the neutral 

FeCl3 species is solvated by and extracted to the ether phase. It is assumed that the reaction 

of FeCl4
- with an H+ ion is the limiting step, and extraction to the ether phase will 

immediately occur once HFeCl4 is formed.  

Previously it was shown that anhydrous HFeCl4 is insoluble in diisopropyl ether, while 

hydrated HFeCl4 can be dissolved in diisopropyl ether [12]. It was concluded that the proton 

of each HFeCl4 molecule which is extracted to the ether phase is hydrated by four to five 

water molecules and the component extracted will be (H3O+∙3-4H2O)FeCl4
-. This results in a 

co-extraction of water to the ether phase. The amount of water molecules associated to the 

iron(III) complex depends on the solvent used, and is typically four for diethyl ether and five 

for diisopropyl ether [13,12,14].  

3.3 Experimental procedure 

3.3.1 Chemicals 

 Diethyl ether ≥99.0, FeCl3 solution 45 wt% Pure, FeCl3 (anhydrous) 97, Imidazole ≥99.5 were 

purchased from Sigma-Aldrich.  Diisopropyl ether ≥ 98.0, Nitric Acid 65 wt% Standard Fe 

solution (AAS), 1000 mg/liter (± 4 mg/liter) from FLUKA. Hydrochloric acid 37 wt%, fuming, 

was obtained from Merck KGaA. 1 M NaOH, standard solution 0.2% accuracy, 0.1 M HCl (0.2 

% accuracy), 1 M AgNO3, 5 % w/v K2CrO4, indicator solution (free from Cl-) came from VWR  

3.3.2 Experimental equipment and procedures 

Ternary water – diethyl ether – HCl systems experiments were carried out in 20 ml vials, 

using septum containing caps. Initial HCl concentrations were prepared in the range of 1 till 

11 M by adding a concentrated 37 wt% HCl solution to distilled water, resulting in 20 ml of 

diluted solution.  Exact HCl initial concentrations were measured by titrations with a 

standard 1 M NaOH solution. Amount of 7 ml of the HCl initial solution was added to a 20 ml 

vial and closed with a septum containing cap. Diethyl ether was added to create systems 

with a S/F ratio of 1, mass based. The vials were stirred at room temperature and 

atmospheric pressure for 2 hours using magnetic stirrers at 800 rpm, and the settling time 
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was 24 hours. After settling, samples of both the ether and aqueous phase were taken using 

5 ml syringes with needles. For systems with high initial HCl concentrations (≥9 M HCl), 

where no phase separation occurred, new systems were created, taking 4 ml HCl solution 

and adding diethyl ether till a S/F ratio of 2 (mass based) was reached. 

Quaternary water – diethyl ether – HCl – FeCl3 system experiments were carried out in 20 ml 

vials at room temperature and atmospheric pressure. Experiments were carried out for 

initial HCl concentrations in the range from 1 till 8 M. For these concentrations, a S/F ratio of 

1 was taken, mass based. Diethyl ether was taken as the solvent phase, while the aqueous 

solution of FeCl3 and HCl in water (7 ml) was taken as the feed phase. A 10 wt% FeCl3 

solution was prepared by diluting the commercially available 45 wt% FeCl3 solution with 

water and it was added to the vials after which diethyl ether was poured. The last 

component added was the concentrated 37 wt% HCl solution, since the formation of FeCl3 

complexes occurs instantaneously. The vials were closed using septum containing caps. All 

input was weighed on a balance, which made it possible to calculate the initial HCl 

concentrations in the system. A stirring time of 30 minutes was applied using magnetic 

stirrers at 800 rpm. The settling time was 2 hours. After settling, samples of both phases 

were taken using 10 ml syringes with needles. 

3.3.3 Analytical procedures  

Samples taken from the systems as prepared according to descriptions in previous sections 

are analyzed following the analytical procedures as described below. 

Standard solutions of sodium hydroxide and HCl were used for titrations for the 

determination of the acid/base content of the ternary system samples. Imidazole was used 

to buffer HCl in the samples produced for Karl Fischer titrations.  

Volumetric determinations were carried out using Finn pipettes (varying from 10 μl till 10 ml 

of Thermo Labsystems). Weight measurements were carried out on a Mettler AE160 

analytical balance. Samples were analyzed using a Karl Fischer Titrator (795 KFT Titrino 

Metrohm, standard deviation +/–0.5%) combined with a Metrohm 703 Ti Stand and a 

Sartorius CPA 3245 mass balance (± 0.1 mg), Atomic Absorption Spectrophotometry (AAS) 

(Varian SpectrAA 110, standard deviation < 2%), automatic titration equipment (Mettler 
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Toledo G20 Compact Titrator, standard deviation ± 0.01 wt%) and pH sensor (InnoLab wtw 

series pH 730). 

For the ternary systems, the initial HCl concentrations and HCl concentrations in both phases 

were determined using potentiometric titrations. Water concentrations were measured 

using Karl Fischer Titrator (KFT) and the ether content was calculated based on mass 

balances.  

Quaternary system phase compositions were determined using comparable methods. Water 

concentrations were measured using KFT, HCl concentrations were determined by pH 

measurements and FeCl3 concentrations in both phases were measured using AAS.   

3.4 Results and Discussion 

The results from experiments described in section 3 are reported and described. The 

experimental methods were validated prior to their further application in the examination of 

ternary and quaternary LLE data measurements. Results found for ternary and quaternary 

systems were compared to literature results and experimental reproducibility was 

examined.  

3.4.1 Ternary system ether – HCl – water  

3.4.1.1 Solubilities  

To determine the mutual solubility of diethyl ether and water as a function of the HCl 

concentration, LLE experiments were performed as described in the previous section and 

compared with the diisopropyl – water – HCl ternary reported data [1]. For initial HCl 

concentrations of 9 till 11 M, the ether phase (volume) for a S/F ratio of 1 was very small. 

Therefore, it was difficult to take samples from the ether phase without contaminating the 

sample with the aqueous phase. Moreover, the ether samples taken were too small to 

perform analyses. For this reason, a S/F ratio of 2 was taken to establish reliable LLE data in 

the concentrations range of 9 till 12 M HCl in water. A summary of complete data can be 

found in Table 3.2. 
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Figure 3.1: Water (a), HCl (b) and ether (c) concentration in the aqueous phase and water 

(d), HCl (e) and ether (f) concentration in the ether phase as function of [HCl]initial in the 

liquid – liquid equilibrium of water – HCl – diethyl ether at S/F = 1 at [HCl]initial < 9 M in 

water and S/F =2 for [HCl]initial ≥ 9 M  at T / K = 295 and atmospheric pressure and 

literature data [1] at T / K = 295 and atmospheric pressure. Symbols:  ���� - diisopropyl ether 

[1] in mol percentage, ���� - diethyl ether in mol percentage 
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The aqueous and ether phase in the ternary diethyl ether – HCl – water have been examined 

and compared with the literature reported data [1] on water, HCl and ether concentration 

and the results are depicted in Figure 3.1. It can be seen (Figure 3.1(a)) that the relative 

amount of water in the aqueous phase is decreasing with increasing initial HCl concentration 

in the aqueous phase for both ethers. The amount of water present in the aqueous phase is 

higher for the diisopropyl ether compared to the diethyl ether. The HCl concentrations in the 

aqueous phase have been measured for diethyl ether and compared with the literature data 

presented in Figure 3.1(b). For increasing initial HCl concentrations, the relative HCl 

concentration in the aqueous phase was also found to increase (seen in Figure 3.1(b)). 

However, at initial HCl concentrations above 6 M it can be seen that the increment is slowly 

decreasing for diethyl ether, which can be explained by the larger amounts of ether that are 

transferred to the aqueous phase. Literature data for HCl did not show this effect for 

diisopropyl ether (Figure 3.1(b)). The increasing amount of ether transferred to the aqueous 

phase when increasing the initial HCl concentration also influences the relative water 

concentration in the system, which was found to be decreasing (seen in Figure 3.1(a)). An 

other aspect decreasing the relative water concentration in the aqueous phase, is the 

addition of an increasing amount of HCl to this phase. 

Using the relative concentrations of water and HCl in the aqueous phase, the diethyl ether 

concentrations were calculated and compared to the LLE data available for the diisopropyl 

ether system shown in Figure 3.1(c). The sharp rise in ether concentration inside the 

aqueous phase, which is visible for both ethers in Figure 3.1(c), can be explained by the 

hydration theory of Stokes and Robinson [15], which deals with ion-solvent interaction, also 

called ionic hydration. H3O+ ions present in the aqueous phase are solvated by water 

molecules, and only little amount of water is present in solution as free solvent. When 

increasing the initial HCl concentration, solvation of H3O+ ions by ether molecules takes 

place, resulting in a higher ether concentration inside the aqueous phase. 

From Figure 3.1(c) it can be seen that diisopropyl ether solubility in the aqueous phase is 

lower than of diethyl ether for these ternary systems. This can be explained by molecular 

size of the ethers. Diethyl ether is a smaller molecule compared to diisopropyl ether, which 

causes a higher solubility in the aqueous phase. Determining the amount of ether 

transferred to the aqueous phase is of great importance for a future process model, since 
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the aqueous HCl solution should be purified and probably concentrated to support its 

recycling to the production process. Since the HCl concentration in the system will influence 

the extraction of FeCl3 to the ether phase, it can be expected that there is an optimum of the 

HCl concentration, where extraction is maximized, while impurities of ether in the aqueous 

raffinate phase are minimized. 

Besides the aqueous phase of the system, also the ether phase was examined. The water 

content was measured and the results are displayed in Figure 3.1(d)Error! Reference source 

not found.. As found in publications by Campbell et al. [1], the water concentration in the 

ether phase was expected to decrease when increasing the initial HCl concentration in the 

two phase system. For the diethyl ether system the same trend was found, which is 

graphically displayed in Figure 3.1(d). In the same figure, literature data [1] for the water 

content of the diisopropyl ether system are included. In this figure, it can be seen that the 

water concentration in the diethyl ether is significantly higher than in the diisopropyl ether 

system, which will result in more contaminations in a future production process. This higher 

solubility of water in diethyl ether can be explained by the molecular size of the ethers. 

Because of the smaller chain length of diethyl ether, the molecule will be more polar, 

resulting in a higher solubility of water compared to diisopropyl ether.  

As explained by the hydration theory of Stokes and Robinson, the HCl in the aqueous phase 

is preferably hydrated by water molecules. When the HCl concentration in the aqueous 

phase increases, a larger fraction of the water molecules are involved in the hydration of the 

HCl molecules. This will force the water molecules to remain in the aqueous HCl solution, 

explaining the decrease in water content in the ether phase with increasing HCl 

concentration.  

Campbell et al.  [1] used gaseous HCl to increase the HCl concentration in the system above 

12 M, and a minimum in water concentration in the ether phase was found (Figure 3.1(d)) 

for the diisopropyl ether system at an initial HCl concentration of approximately 10.5 M. This 

minimum can be explained by considering the HCl concentration in the ether phase. This HCl 

concentration will increase with increasing initial HCl concentration of the system.  Since HCl 

molecules present in the ether phase prefer to be solvated by water molecules, the HCl will 

be hydrated and water concentration in the ether phase will increase. This increase in water 

concentration was not observed for the diethyl ether system (seen in Figure 3.1(d)), which 
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can be explained by the lower HCl concentration in the ether phase compared to diisopropyl 

ether. When less HCl is present in the ether phase, fewer molecules will have to be 

hydrated. 

The concentration of HCl in the ether phase is presented in Figure 3.1(e). From this figure we 

can see the solubility of HCl is almost the same for both ethers. The concentration of diethyl 

ether and diisopropyl ether in the ether phase is shown in the Figure 3.1(f) from which we 

can see that more diisopropyl ether is present in the ethereal (extract) phase compared to 

diethyl ether for these ternary systems. For both ethers a maximum is observed between 6 – 

8 M of initial HCl concentration which is in the same range as maximum extraction yield 

observed in Chapter 2 Figure 2.3.  

3.4.1.2 Distribution of hydrochloric acid in the ternary system 

For a better understanding of the maximum in extraction capacity, the ternary system ether 

– HCl – water has been investigated. In Figure 3.2 the hydrochloric acid in concentration in 

mol/L in the aqueous phase is displayed as a function of the initial HCl concentration in the 

liquid – liquid equilibrium of water – hydrochloric acid – diethyl ether at S/F = 1 at [HCl]initial < 

9M and S/F =2 for [HCl]initial ≥ 9M  at T / K = 295 and atmospheric pressure and compared 

with the diisopropyl ether – water – HCl system literature data[1]. From the Figure 3.2 it can 

be seen that the HCl concentration in the aqueous phase for the diisopropyl ether system 

was much higher (7.1 mol/liter) compared to the equilibrium HCl concentration in the 

diethyl ether system (4.5 mol/liter) in the LLE of the ternary system ether – HCl – water. This 

can be explained by the higher solubility of diethyl ether in the aqueous phase compared to 

diisopropyl ether.  

Although the solubility of HCl in the diethyl ether phase is increasing for increasing initial HCl 

concentrations in the ternary system ether – HCl – water, the actual concentrations found in 

this phase were extremely low compared to the HCl concentrations in the aqueous phase.  A 

similar behavior was observed for the diisopropyl ether from [1] the literature data . The 

decrease of HCl concentration in the aqueous phase for initial HCl concentrations above 8 M 

is therefore not induced by the distribution of HCl to the ether phase, but by the increasing 

solubility of ether in the aqueous phase, which is simply diluting the HCl in this phase. For 

this reason, no conclusions about the distribution coefficient of HCl in the ternary system 
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were drawn on the influence of FeCl3 extraction in the quaternary ether – water – HCl – 

FeCl3 systems. 

 

Figure 3.2: Hydrochloric acid concentration in mol/L in aquoeus as a function of the initial HCl 

concentration in the liquid – liquid equilibrium of water – hydrochloric acid – diethyl ether at S/F = 

1 at [HCl]initial < 9M and S/F =2 for [HCl]initial ≥ 9M  at T / K = 295 and atmospheric pressure and 

literature data [1] at T / K = 295 and atmospheric pressure. Symbols:  ���� - diisopropyl ether ([1]), ���� 

- diethyl ether 

3.4.2 Quaternary system ferric(III)chloride – ether – HCl – water  

3.4.2.1 Influence of ferric(III)chloride on the distribution coefficient of 

HCl 

The equilibrium concentrations of HCl in the ternary ether- HCl – water system created 

insights in the extraction mechanism of FeCl3 from aqueous HCl solutions into both ethers. 

As the FeCl3 itself was expected to influence the equilibrium concentrations as well, also the 

quaternary system was investigated on HCl equilibrium concentrations for the diethyl ether. 

For higher initial HCl concentrations (> 8 M) it was reported that even more HCl molecules 

were co-extracted to the diisopropyl ether phase [16]. 

Because the extraction of FeCl3 involves the extraction of 1 molecule of HCl for each 

molecule of FeCl3 extracted to the ether phase, the concentration of HCl in the aqueous 

phase is expected to decrease. Diethyl ether experiments for the quaternary ether – water – 

HCl – FeCl3 systems were completed as described in paragraph 3 and complete data is 

reported in Table 3.3. Experiments for initial HCl concentrations in the range of 1-8 M were 
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carried out for the quaternary system diethyl ether – HCl – water – FeCl3, and aqueous HCl 

concentrations in quaternary LLE are compared to aqueous equilibrium HCl concentrations 

found for the ternary system diethyl ether – HCl – water. The results are graphically  

displayed in Figure 3.3. 

 

Figure 3.3: Comparison of HCl concentration in water for ternary diethyl ether – water – 

hydrochloric acid and quaternary systems diethyl ether – water – hydrochloric acid – ferric chloride 

at S/F = 1, at T / K = 295.15 and atmospheric pressure. Symbols: ���� - hydrochloric content in  

ternary, ���� - hydrochloric content in quaternary 

With increasing initial HCl concentrations in the aqueous phase, the ether solubility in the 

aqueous phase is increased. The solubility of ether in the aqueous phase found for the 

ternary system was equal to the concentrations found for the quaternary system. Because 

HCl is co-extracted to the ether phase, aqueous equilibrium HCl concentrations were lower 

for the quaternary system when comparing it to the ternary system. This is illustrated in 

Figure 3.3.  

Since the extraction of FeCl3 results in a co-extraction of HCl to the ether phase, the 

distribution coefficient will be of interest for the quaternary system. The distribution 

coefficient was calculated using Equation 3.3 and it is plotted against the initial HCl 

concentration in Figure 3.4. In this figure it can be seen that despite the increasing amount 

of HCl in the ether phase, the distribution will show a maximum. This can be related to the 

high co-extraction of water to the ether phase (Table 3.3). Similar observation was made for 

diisopropyl ether systems of LLE data of ether – water – HCl – FeCl3 quaternary systems [2].  
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The HCl concentration in the ether phase shows a maximum as well, and will decrease faster 

than the HCl concentration in the aqueous phase. In other words, extraction of water to the 

ether phase influences the HCl concentration in this phase more than the increased 

solubility of ether in the aqueous phase has an effect on the equilibrium concentration in 

this phase.  

 

Figure 3.4:  Distribution of HCl in quaternary system diethyl ether – water – hydrochloric acid – 

ferric chloricde at S/F = 1, at T / K = 295.15 and atmospheric pressure. Symbols: ���� - distribution of 

hydrochloric acid calculated as Equation 3.3 

3.5 Conclusions 

Experiments for the diethyl ether – hydrochloric acid – water and diethyl ether – 

hydrochloric acid – water – ferric chloride have been completed and compared with the 

diethyl ether – hydrochloric acid – water and diethyl ether – hydrochloric acid – water – 

ferric chloride literature reported data. 

For the ternary system water – HCl – ethers, when comparing the ether content in the 

aqueous phases of the diethyl ether and diisopropyl ether system, it is concluded that the 

contamination of the aqueous phase for the diethyl ether system is  higher, which can be 

explained by molecular size of the ethers. Also, it is shown that the water concentration in 

the diethyl ether is significantly higher than in the diisopropyl ether system. Water 

concentration in the ether phase is decreasing with increasing HCl concentration, since 

water is required in the aqueous phase for solvation of the HCl ions.  
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Compared to the ternary system, volume change of the ether phase in the quaternary 

systems was less, because of the co-extracted water. Dilution of HCl by ether in the aqueous 

phase decreased the HCl activity in this phase. Ether concentrations in the aqueous phase 

were found to be equal for ternary and quaternary systems. The introduction of FeCl3 to the 

system therefore does not introduce extra impurities. The HCl will remain in solution from 

the excess of HCl used in the production process. 

Overall, diisopropyl showed a lower solubility in the aqueous phase compared to diethyl 

ether.  Quantitative extraction capacity was found to be between 6 and 8M of initial HCl 

concentration for both ethers. In Chapter 2 it was shown that the energy requirements for 

the solvent recovery are lower for the diisopropyl ether compared to diethyl ether. Based on 

the above, it can be concluded that diisopropyl ether is the more convenient of these two 

ethers in the liquid – liquid extraction of ferric chloride. For this reason an adequate 

thermodynamic model will be developed for this solvent and quaternary LLE of diisopropyl 

ether – HCl – water – ferric chloride system in Chapter 4. 

3.6 Nomenclature 

Symbols and abbreviations 

[]  concentration 

FeCl3  ferric chloride 

HCl  hydrochloric acid 

K  equilibrium constant 

K  Kelvin 

Γ  activity 

LLE  liquid – liquid equilibrium 

LLX  liquid – liquid extraction 

TEE  triple effect evaporation 

T  temperature 
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Appendix 

Table 3.2: Liquid – liquid equilibrium of ternary system diethyl ether –water – hydrochloric acid at 

S/F = 1 at [HCl]initial < 9M and S/F =2 for [HCl]initial ≥ 9M  at T / K = 295 and atmospheric pressure. 

[HCl]initial Aqueous phase Ethereal phase 

Mole percentage 

Mole/l [H2O] [HCl] [Diethyl Ether] [H2O] [HCl] [Diethyl Ether] 

0.968 95.72 1.777 2.500 4.357 0.0000 95.64 

2.00 … … … 4.145 0.0025 95.85 

3.09 91.15 5.668 3.181 3.602 0.0095 96.39 

4.00 89.51 7.347 3.138 3.152 0.0506 96.80 

4.96 87.72 8.900 3.382 2.680 0.0678 97.25 

6.05 84.00 10.74 5.265 2.264 0.0776 97.66 

7.11 … … … 1.980 0.6126 97.41 

7.32 80.77 11.61 7.622 2.098 0.6985 97.20 

8.10 74.46 13.16 12.37 1.739 0.7186 97.54 

8.78 70.56 14.10 15.34 1.739 0.7504 97.51 

9.07 67.63 14.77 17.60 1.732 0.5398 97.19 

10.12 65.36 15.76 18.88 1.538 0.8463 97.62 

10.47 65.87 15.40 18.73 … … … 
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Table 3.3: Liquid – liquid equilibrium of quaternary systems of diethyl ether – water – hydrochloric 

acid – ferric chloride at S/F = 1, at T / K = 295.15 and atmospheric pressure. 

Initial 

Mol/L 

Aqueous phase 

Mol% 

Ether phase 

HCl FeCl3 HCl Diethyl ether H2O FeCl3 HCl Diethyl ether H2O 

0.9 0.948 1.668 1.200 96.184 0.000 0.017 95.268 4.715 

1.9 0.784 2.903 1.881 94.431 0.232 0.680 92.110 6.979 

2.9 0.457 3.829 2.276 93.438 1.335 2.602 80.690 15.373 

3.9 0.084 4.785 2.864 92.267 1.561 3.484 74.708 20.247 

5 0.010 6.312 3.763 89.915 1.387 4.006 72.882 21.725 

5.8 0.004 7.206 5.134 87.656 1.230 3.762 72.751 22.258 

6.9 0.005 8.328 7.391 84.275 1.027 3.679 71.985 23.309 

7.9 0.039 8.487 8.377 83.096 0.807 3.027 71.932 24.235 
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4.  Thermodynamic modeling of ternary and 

quaternary liquid – liquid systems containing water, 

FeCl3, HCl and diisopropyl ether 

 

The content of this Chapter has been published as: 

M. Milosevic, I. Hendriks, R. Smits, B. Schuur, A.B. de Haan, Thermodynamic modeling of ternary and 

quaternary liquid - liquid systems containingwater, FeCl3, HCl and diisopropyl ether, J. Chem. 

Thermodynamics 67 (2013) 83–90 

 

 

Abstract 

Liquid – liquid extraction using ethers as solvents is a potentially energy saving alternative 

for the concentration of aqueous ferric chloride solutions. Adequate thermodynamic models 

that describe the behaviour of the resulting quaternary systems (ferric chloride (FeCl3), 

ether, hydrochloric acid (HCl) and water) are not available in the literature for the bast of the 

authors knowledge.  In this Chapter, the development of an equilibrium description applying 

the NRTL-model is presented, including experimental validation and fitting of the NRTL-

parameters on the validated data. Equilibrium experiments were performed for the ternary 

systems water – HCl – DiPE and water – FeCl3 – DiPE and the obtained data is in good 

agreement with the results from  Maljkovic (1966) and Cambell (1952). Experimental data of 

the quaternary system is taken from Maljkovic (1966). The obtained binary interaction 

parameters to describe the liquid – liquid quaternary system water – FeCl3 – HCl – DiPE and 

the constituting ternaries by the NRTL model are presented. Model predictions are in good 

agreement with the experimental data.  
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4.1 Introduction 

Ferric chloride or anhydrous iron(III) chloride is a highly hygroscopic compound which 

hydrolyzes in water, resulting in a brown, acidic and corrosive solution. Ferric chloride is an 

important chemical used for sewage treatment and in the production of drinking water [1–

3]. The industrial manufacturing of ferric chloride is carried out by an exothermic reaction 

between ferric oxide and excess hydrochloric acid, resulting in aqueous salt solutions ranging 

in concentration from 5 wt% to 30 wt% [4]. To achieve a trading concentration of at least 

40%, a concentration step is required.  

Concentration processes for high-boiling polar compounds in aqueous solutions are very 

energy intensive [5]. Examples are concentration processes for salt solutions, conventionally 

done either by multi effect evaporation (MEE) [6], or by reverse osmosis (RO) [6]. RO 

processes require high pressures and large membrane areas, two aspects limiting their 

economics [7]. Evaporation of water is intrinsically very energy demanding due to the high 

enthalpy of evaporation of water, however, this may be reduced to some extend by 

application of MEE [5,6]. 

As an alternative to RO or MEE, liquid – liquid extraction (LLX) could be used to concentrate 

aqueous solutions of high-boiling polar solutes, either by extracting the polar solute followed 

by a recovery operation, or by extracting water. In rather dilute aqueous salt solutions, 

which are common in the mining industry [8] and in the nuclear industry [9], the metal 

cation is extracted using a cation-exchange principle (typically one or more H+ are released, 

depending on the valence of the cation), and back-extracted under different conditions to 

increase the concentration. The particular case of ferric chloride production involves 

typically much higher salt concentrations, and an alternative extraction solvent is required. 

In Chapter 2, it was proposed that liquid – liquid extraction with ethers [10], in particular 

with diisopropyl ether (DiPE) and diethyl ether is interesting. Because the mutual solubility 

of water and DiPE is lower than for water and diethyl ether, DiPE was selected as solvent for 

further studies. For an economical evaluation, a process simulation study is needed. This is 

challenging in this case due to the complexity and many interactions in this quaternary liquid 

–liquid equilibrium and the lack of a validated thermodynamic model which describes the 

phase equilibria in this system.  For that reason this Chapter describes the liquid – liquid 
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description, the data from the different sources was experimentally validated and the 

accuracy of the DiPE + water binary LLE prediction with the parame

database was also verified. With the validated literature data and interaction parameters, 

the binary NRTL interaction parameters in the quaternary system were obtained by 

regression of the ternaries DiPE + water + FeCl
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4.2 Experimental 

4.2.1 Chemicals 

Hydrochloric acid (37wt%) and silver nitrate (reagent grade, > 99.80%) were purchased from 

AnalR NORMAPUR. Diisopropyl ether (reagent grade, ≥99.00%), solid anhydrous ferric 

chloride (reagent grade, >97.00%), Hydranal composite 5, Hydranal Methanol Rapid and 

sodium hydroxide were purchased from Sigma Aldrich. Potassium chromate (reagent grade, 

> 99.50%) was purchased from VWR. The water used was milli Q from MILLIPAK ® Express 20 

Millipore (0.22 μm). 

4.2.2 Experimental procedures 

For the validation of the literature data on the ternary systems DiPE + water + FeCl3, 

experiments with the same initial composition as reported by Maljkovic and Branica [38] 

were performed. In their experimental procedure the initial composition of the ternary 

system DiPE + water + FeCl3 was given in volumetric units, i.e. certain volumes of DiPE were 

mixed with known amounts of aqueous FeCl3 solutions with concentrations given in M. In 

the experimental procedure these data were converted into mass fractions making use of 

density tables for aqueous ferric chloride solutions [40] according to Equation 4.1. 

�S =	 >TUEFV?∙WXY     4.1 

Three initial ferric chloride solutions from the literature were prepared by mixing solid  ferric 

chloride solid salt (msalt= 0.110 g, 1.440 g and 3.970 g) with (10 – msalt g) milli Q water  to 

form 10 g solutions of [FeCl3]initial = 1.1 wt%, [FeCl3]initial = 14.4 wt% and [FeCl3]initial = 39.7 

wt%. After preparation of the aqueous FeCl3 solutions, the concentrations of the initial 

solutions (in mol/L) were checked by titrations with standard 1 M silver nitrate solution. 

From these ferric chloride solutions with the volume pipette 5 mL aliquotes were mixed in 

the 20 mL measurement flask with DiPE in volume ratio DiPE/H2O = 1 (volume base) as 

reported in the literature. The mixtures were stirred for 2 hours at 400 rpm at 293.15 K and 

atmospheric pressure. After 2 hours the stirring was stopped, and the mixtures were allowed 

to settle for 1 hour. 

After settling, the phases were separated and weighed. The aqueous phase (heavier of the 

two) was taken for analysis to determine the water content by Karl Fischer titration, and 
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Mohr titration for chloride content. The DiPE content was calculated as the difference from 

100wt% and the mass fractions sum of the determined water and ferric chloride. The 

experimental data of the aqueous phase was compared to the literature values. The organic 

phase concentrations of the experimental samples were obtained from a mass balance over 

the two phases.  

For the ternary system DiPE + water + HCl reported by Cambell [39], the same method using 

Equation 4.1 and the density was used to convert the initial compositions into mass 

fractions. Five DiPE + water + HCl systems were prepared by mixing DiPE in 1/1 volume ratio 

with aqueous HCl solutions of varying HCl concentrations (3.60, 14.00, 27.60, 32.90, and 

35.60 wt% HCl) that were prepared by mixing 37 wt% HCl with milli Q water.  After 

preparation of the aqueous HCl solutions, the concentrations of the initial solutions (in 

mol/L) were checked by titrations with a standard 1 M sodium hydroxide solution. From 

these hydrochloric acid solution 5 mL aliquotes were taken with a volume pipette and mixed 

in 20 mL volume flasks with DiPE in 1 < DiPE / HCl < 2.7 ratio (volume base) as reported in 

the literature. The mixtures were stirred for 2 hours at 400 rpm at 293.15 K and atmospheric 

pressure. After 2 hours the stirring was stopped, and the mixtures were allowed to settle for 

1 hour, after which the phases were carefully separated and analyzed. 

Z[\[	# = �,KQK	�∙>S[%?�>S[%?� �    4.2 

The heavy aqueous phase was analyzed by Karl Fischer titration for the water content, and 

Mohr titration for chloride content. The DiPE content was calculated as a difference of 100 

wt% and mass fractions sum of determined water and HCl. The experimental data of the 

aqueous phase was compared to the literature values. The organic phase concentrations of 

the experimental samples were obtained from a mass balance over the two phases. 

4.2.3 Analytical procedures 

Aqueous samples from the ternary systems water + DiPE + HCl and water + DiPE + FeCl3 were 

analyzed on water content and either HCl content or FeCl3 content. The water content was 

determined using Karl Fischer titration with a Metrohm 795 KFT Titrino automatic titrator (± 

0.01 wt%) combined with a Metrohm 703 Ti Stand and a Sartorius CPA 3245 mass balance (± 

0.1 mg). Titrations were done in triplicate and the reported value is the average of the three 

measurements. 
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Chloride concentrations (mole/g) in aqueous samples were determined by the Mohr 

titration method. After determination of the molar amount of chloride, the corresponding 

mass of hydrochloric acid or ferric chloride was calculated. Titrations were done using a 

manual 50 mL titration burette of Hirschmann EM Techcolor Germany (±0.075 ml at 293.15 

K). The titrant solution was obtained by dissolving 0.6 to 0.7 g (weighed with 0.1mg 

accuracy) silver nitrate  in 100 mL distilled water. For the very low chloride concentrations, 

the produced titrant solution was further dilluted to 0.06 - 0.07 grams of silver nitrate per 

100 mL distilled water. Dilute potassium chromate solution was added as an indicator. 

Titrations were done in triplicate and the reported value is the average of the three 

measurements.  

4.2.4 Data treatment and Modeling procedures 

All analyzed experimental values were obtained in triplicate and the standard deviations 

(StDev) were calculated and reported. 

Binary interaction parameter regression and modeling of the experimental data was done 

using the Aspen Plus Data Regression tool. The objective function used was the maximum 

likelihood method. The root square error (r2) and relative root-mean-square deviation 

(rRMSD) for composition of each species in aqueous and organic phase was calculated and 

used to decide if the NRTL model can appropriately describe the experimental data. The r2 

and 
rRMSD are defined as: 

^# = 1 −	 ∑ ���J`ab��cNd���
∑ ���,NefJ`a b��cNd���     4.3 

 

^�g/� = h∑ ∑ ∑ i`�J`aj`�cNd
`�J`a k3

�
d�

lm     4.4 

where k presents the number of data points and ��U�� experimental data of component i and 

��noF  calculated data of component i by NRTL model and ��,op�U��  average value of all 

experimental data of component i. 

4.3 Results  

4.3.1 Experimental liquid – liquid equilibrium validation 
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4.3.1.1 Ternary system water - HCl - DiPE 

The ternary system of HCl-H2O-C6H14O at 293.15 K as reported by Campbell et al. [39] was 

validated experimentally. The analysis of each point was done in triplicate for water and for 

HCl. The standard deviations for experimental results for water were 0.027 < StDevwater < 

0.13 for water and 0.11 < StDevHCl < 0.38 for hydrochloric acid. The reported values in Table 

4.1 are the average of these triplicates. The comparison between the experimental 

validation and the literature data is given in Table 4.1. From the r2 values in the Table 4.1, 

calculated using Equation 4.3, it is obvious that the experimental values compare very well 

with the reported values. 

Table 4.1: Comparison of experimental data with literature data in mole fraction from Campbell 

[39] at different HCl initial concentrations 

Liquid – liquid equilibrium data of aqueous phase in mole fraction for Water – 

HCl – DiPE at 293.15K. Lit= literature; Exp=experimental. 

[HCl]initial [Water]aq   [HCl]aq   [DiPE]aq  

 Lit. Exp.  Lit. Exp.  Lit. Exp. 

11.5 0.6109 0.6110  0.2106 0.2105  0.1784 0.1785 

10.5 0.6750 0.6758  0.1917 0.1924  0.1334 0.1330 

8.63 0.8145 0.8137  0.1550 0.1558  0.305 0.0305 

4.01 0.9255 0.9254  0.0725 0.0728  0.0020 0.0019 

1.002 0.9809 0.9811  0.0181 0.0177  0.0010 0.0012 

r
2
 0.999   0.999   0.999  

4.3.1.2 Ternary system water – FeCl3 – DiPE 

The ternary system of FeCl3-H2O-C6H14O at 293 K as reported by Maljkovic et al. [38] was 

validated experimentally. The analysis of each point was done in triplicate for water and for 

FeCl3. The standard deviations for experimental results for water were 0.18 < StDevwater < 

0.40 and 0.030 < StDevFeCl3 < 0.075 for ferric chloride. Reported values in Table 4.2 are the 

average of these triplicates. The comparison between the experimental validation and the 

literature data is given in Table 4.2. The r2 values in the Table 4.2, calculated using Equation 

4.3, show that also for this system the experimental values compare very well with the 

reported values. 
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Since all experimentally determined data for the ternary systems are consistent to those 

given in literature, it can be assumed that the applied experimental methodology is an 

adequate method to describe these systems and that these literature data can be used for 

further modeling of the quaternary system.  

Table 4.2: Comparison of experimental data in mole fraction with literature data from Maljkovic 

[38] at different ferric chloride initial concentrations[FeCl3]initial 

Liquid – liquid equilibrium data of aqueous phase mole fraction for Water – 

FeCl3 – DiPE at 293.15K. Lit= literature; Exp=experimental. 

[FeCl3]initial [Water]aq   [FeCl3]aq   [DiPE]aq  

 Lit. Exp.  Lit. Exp.  Lit. Exp. 

3.45 0.9465 0.9466  0.0516 0.0515  0.0019 0.0019 

1.00 0.9820 0.9821  0.0180 0.0178  0.0000035 0.00014 

0.07 0.9989 0.9989  0.0011 0.0011  0.0000035 0.000026 

r
2 0.999   0.999   0.991  

4.4 NRTL modeling  

The concept of the non-random two liquid (NRTL) model is to describe the molar excess 

Gibbs energy in terms of local composition effects, i.e. it considers energy effects that occur 

due to the presence of molecules of another species in the locality of the central molecule 

(the observable). A key feature of activity coefficient models like the NRTL model is that for 

multicomponent mixtures, the molar excess Gibbs energy can be calculated based on binary 

interactions only [27]. The binary interaction parameters that are regressed are given in 

Equation 4.5: 

q�r =	s�r +	t�u� 	 , $�r = v�wxy�rq�rz, y�r = yr� 	    4.5 

Accuracy of data for both ternaries calculated by regression of this five parameter NRTL 

model was given by r2 and rRMSD using Equations 4.3 and 4.4.  

Thus, the thermodynamic model can be obtained by developing the binary interaction 

parameters in the multicomponent mixture. For the quaternary system FeCl3 – H2O – DiPE – 

HCl that is the subject of our studies, this means that the system can be described by the 

binary parameters for H2O – DiPE, H2O – HCl, H2O – FeCl3, DiPE – FeCl3, DiPE – HCl, and FeCl3 

– HCl. First, the water – DiPE parameters were regressed and compared with the binary 

parameters reported by Aspen using experimental data reported by Hwang et al. [41].  
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Subsequently the experimental data for the ternary system H2O – DiPE – HCl at 293 K 

reported by Campbell et al. [39] were used to regress the binary H2O – HCl and DiPE – HCl 

interaction parameters. Hereafter, the experimental data of the ternary system of FeCl3 – 

H2O –DiPE at 293 K reported by Maljković et al. [38] were used to regress the binary H2O – 

FeCl3 and DiPE – FeCl3 interaction parameters in the NRTL model. Finally the last binary HCl – 

FeCl3 interaction parameters were fitted, by keeping all other regressed interaction 

parameters fixed on the previously regressed values and using the data on the quaternary 

system FeCl3 – H2O – Ether – HCl from Maljković et al. [37] for their regression.  

4.4.1.1 Binary system water – DiPE 

Binary liquid – liquid equilibrium data for water – DiPE are reported in literature Hwang et al. 

[41] and these data are used in Aspen plus for the regression of the NRTL parameters. 

Calculated values of the water – DiPE LLE for the NRTL parameters are obtained and 

compared with the literature reported values in Table 4.4 (Appendix) with the values of r2 

and rRMSD calculated by Equations 4.3 and 4.4. From the Table 4.4 it can be seen that data 

calculated by the NRTL parameters have a good r2 and rRMSD. This can be explained by the 

fact that the experimental range is very close (0.9490 – 0.9758) as well as the range of error 

between experimental and calculated values. The regressed NRTL parameter values are 

listed in Table 4.3. 

4.4.1.2 Ternary system water + DiPE + HCl 

Experimental data of water – DiPE – HCl have been calculated using the NRTL model by the 

Aspen regression tool. Only three parameters in the NRTL model were regressed because 

the literature data was only determined at one temperature (i.e. the parameters aij and aji 

were fixed at 0). In Figure 4.3 experimental and calculated results have been reported.  

When there is no HCl present, the solubility of H2O in DiPE is 0.87 gram per 100 gram (=0.047 

mole fraction of water). On the other hand, the solubility of DiPE in H2O is 0.20 gram per 100 

gram (=0.0002 mole fraction of ether). From Figure 4.3 it is observed that with the increase 

of HCl concentration, the solubility of DiPE in H20 (right hand side of the curve) changes 

much more than the solubility of H2O in DiPE (left side of the curve). This means that the 

closing of the miscibility gap is manly a result of increased ether solubility into the water 

phase due to the presence of HCl. This effect can be explained by the hydration theory of 
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Stokes and Robinson [42]. This theory is based on the premise that H2O molecules in an 

electrolyte solution exist in two unique environments, a solvent and a hydration envelope 

environment. The charges to the chemical potential of H2O in either environment result in a 

distribution of H2O molecules between these two environments, resulting in a decrease of 

electrolyte hydration numbers as the solvent activity decreases. This means that the major 

part of H2O in a 7 molar HCl solution is combined with ions and only a small part exists as 

free solvent. 

 

Figure 4.3: Ternary diagram of the system water – HCl – DiPE in mole fraction at 293.15K and 

atmospheric pressure for experimental [39] and calculated values using a 3 parameter NRTL model. 

Symbols:  --- experimental values, ���� –– calculated values 

In Table 4.5 (Appendix) experimental and calculated data using the NRTL model for the 3 

parameter set is reported with the values of r2 and rRMSD calculated by Equations 4.3 and 

4.4. From the Table 4.5 it can be observed that the data calculated by the NRTL parameters 

have a good r2 (0,9363 – 0,9957) and rRMSD.  

From Figure 4.3 it can be observed that the regressed interaction parameters can describe 

the experimental data with some deflection at higher HCl concentrations. The literature data 

for this range have been validated by our experiments and as shown in the experimental 

section confirmed to be correct. So this model should be used with care if HCl 

concentrations higher than 7 M are applied. Also, negative values of the non–randomness 
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factor are obtained (Table 4.3), which are not that common, but have been reported in the 

literature for ionic systems [43]. 

In Table 4.3 the NRTL parameters regressed in Aspen are reported. 

4.4.1.3 Ternary water + DiPE + FeCl3 

Experimental data of water – FeCl3 – DiPE have been calculated using the NRTL model by the 

Aspen regression tool with three parameters as the literature data was reported only at one 

temperature. In Figure 4.4 the experimental and calculated results are reported. 

 

Figure 4.4: Ternary diagram of the system water – FeCl3 – DiPE in mole fraction at 293.15K and 

atmospheric pressure for experimental [38] and calculated values using 3 parameter NRTL model. 

Symbols:  --- experimental values, ���� –– calculated values  

The influence of FeCl3 on the mutual solubility of DiPE and water is small. This can be 

explained by the fact that the solubility of ether in aqueous solutions increases through the 

formation of Ether-H+ species. Since the formation of these species requires strong acid 

solutions, there are no such species formed and so the mutual solubility of H2O and DiPE is 

not influenced. According to the literature [23] the percentage of extraction of ferric 

chloride with DiPE is practically zero, when the initial concentration of HCl is less than two 

molar, this is reflected in Figure 4.4, which shows almost zero FeCl3-concentration in the 

DiPE phase. The area above the uppermost tie-line is an SLL three phase region (FeCl3(s), H2O 

and DiPE).  
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In Table 4.6 (Appendix) experimental and calculated data using the NRTL model for 3 

parameter set is reported with the values of r2 and rRMSD calculated by Equations 4.3 and 

4.4. From the Table 4.6 it can be seen that the calculated data by the NRTL parameters has a 

good correlation with the experimental data, reflected in the values of r2 (0.9204 – 09998) 

and rRMSD. 

In Table 4.3 the NRTL parameters regressed in Aspen are reported. 

4.4.1.4 Quaternary system water + DiPE + HCl + FeCl3 

Experimental data reported by Maljkovic et. al. [37] for the quaternary system water + DiPE 

+ HCl + FeCl3 at 293.15 K and atmospheric pressure have been used to regress last missing 

binary parameters FeCl3 - HCl using the NRTL model with the 3 parameters set since the data 

are reported at one temperature. At [HCl]initial > 7M, the experimental results showed three 

layers formation with two ether phases, a heavy and a light ether phase, also reported 

elsewhere [44,45]. For the regression, only the 2 layer data have been used. In Table 4.7 

(Appendix) the experimental and calculated data using the NRTL model for the 3 parameter 

set is reported with the values of r2 and rRMSD calculated by Equations 4.3 and 4.4.  

For this quaternary system it has been shown that iron(III) is extracted as hydrated 

tetrachloroferric acid (HFeCl4). The complex becomes completely soluble in ether when 

sufficient water is present to form the pentahydrated acid ((H3O+ 4H2O)FeCl4
-). This means 

that the extraction occurs when the overall concentration of HCl is high enough. When the 

initial HCl concentration exceeds 7 molar, very little “free” water exists in the aqueous phase 

and all the water present serves to hydrate the ions, while the rest acts as solvent, and the 

third light ethereal phase occurs.  

The complete binary interaction parameters obtained are presented in Table 4.3.  

In Figure 4.5, a parity plot is reported comparing the experimental and calculated values of 

FeCl3 – DiPE – Water - HCl at 293.15 K using the NRTL model. From the parity plot it is seen 

that this model describes the system better at [HCl]initial < 3.75M than for [HCl]initial > 4.93M. 

Also, the aqueous phase is better described than the ether phase. 
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Table 4.3: Obtained NRTL binary parameters for the quaternary system water – DiPe – FeCl3 – HCl 5 

parameters set for system Water – FeCl3 – HCl – DiPE 

NRTL parameters 

 C6H14O-H2O H2O-HCl C6H14O- HCl H2O-FeCl3 C6H14O- FeCl3 FeCl3 – HCl 

aij -3.906 0.00 0.00 0.00 0.00 -6.122 

aji -3.289 0.00 0.00 0.00 0.00 0.517 

bij 1 723.06 -4 667.95 -2 321.18 2 439.72 3 443.76 -459.94 

bji 2 487.85 -4 620.09 -3 345.23 -1 427.41 -3 535.25 936.99 

α 0.200 -0.021 -0.0316 0.469 0.070 0.465 

 

 

Figure 4.5: Parity plot of calculated and experimental data in mole fraction for FeCl3 – DiPE – Water 

- HCl at 293.15 K in a) aqueous phase and b) organic phase. Symbols ���� - [HCl]initial = 6.18M,  - 

[HCl]initial = 4.94, ���� -  [HCl]initial = 3.75M, ���� - [HCl]initial = 2.47M 

4.5 Conclusions 

LLE experimental data for FeCl3 – Water – DiPE and HCl – Water – DiPE systems from various 

sources has been repeated and validated. . The obtained experimental data was in a good 

agreement with the literature data. Literature data was used to develop the thermodynamic 

model for the quaternary system water – FeCl3 – HCl – DiPE. Binary NRTL parameters have 

been obtained for the DiPE – Water system. Good thermodynamic descriptions of the FeCl3 – 

Water – DiPE and HCl – Water – DiPE ternary systems was obtained with the regressed NRTL 

parameters, completing the description of the quaternary FeCl3 – Water – DiPE – HCl by the 

binary interaction NRTL parameters.  
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4.6 Nomenclature 

Symbols and abbreviations 

[]  concentration 

a  NRTL interaction parameter 

DiPE  diisopropyl ether 

FeCl3  ferric chloride 

G  NRTL parameter 

HCl  hydrochloric acid 

i,j   components 

K  equilibrium constant 

LLE  liquid – liquid equilibrium 

LLX  liquid – liquid extraction 

MEE  multi effect evaporation 

mtot  total mass 

Mw  molecular weight 

NRTL  Non-random Two Liquids 

r
2  root square error 

RO  reverse osmosis 

rRMSD  relative root-mean-square deviation 

T  temperature 

xw  weight percent mass based 

αij   non-randomness parameter 

b   NRTL interaction parameter 

ρ  density 

τ  NRTL parameter 
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Appendix 

Table 4.4: Comparison of experimental data (Hwang [41]) of binary DiPE – water system with the 

calculated data using the NRTL model and with the relative square error and relative root mean 

square deviations for DiPE in organic and aqueous phase in the binary DiPE – water for the 

calculated data 

T/K Mole fraction DiPE in binary system DiPE – water 

 

Organic phase Calculated  Aqueous phase Calculated 

Experimental NRTL  Experimental NRTL 

288.15 0.9758 0.9761  0.0012 0.0012 

293.15 0.9730 0.9734  0.0016 0.0015 

298.15 0.9709 0.9704  0.0018 0.0018 

303.15 0.9668 0.9670  0.0023 0.0022 

308.15 0.9634 0.9634  0.0025 0.0026 

313.15 0.9612 0.9594  0.0028 0.0031 

318.15 0.9545 0.9550  0.0035 0.0037 

323.15 0.9490 0.9502  0.0049 0.0044 

r2  0.9905   0.9505 

rRMSD 0.027286     
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Table 4.5: Experimental data (Cambell [39]) for the system Water – HCl - DiPE and the calculated 

values using the NRTL in mole fraction at 293.15 K and atmospheric pressure and the relative 

square error and relative root mean square deviations 

Raffinate phase Extract phase 

Water  HCl  DiPE  Water  HCl  DiPE  

Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.8512 0.7461 0.1386 0.1894 0.0102 0.0646 0.0127 0.0147 0.0045 0.0042 0.9829 0.9810 

0.8639 0.7759 0.1295 0.1761 0.0066 0.0480 0.0134 0.0164 0.0028 0.0054 0.9838 0.9782 

0.8382 0.7146 0.1463 0.2012 0.0155 0.0841 0.0122 0.0128 0.0059 0.0044 0.9819 0.9828 

0.8145 0.6816 0.1551 0.2119 0.0305 0.1065 0.0118 0.0121 0.0078 0.0090 0.9805 0.9789 

0.7815 0.6473 0.1629 0.2216 0.0556 0.1311 0.0117 0.0215 0.0089 0.000047 0.9794 0.9785 

0.6750 0.6120 0.1917 0.2303 0.1334 0.1576 0.0116 0.0125 0.0133 0.0234 0.9751 0.9641 

0.6109 0.5761 0.2106 0.2382 0.1784 0.1857 0.0116 0.0120 0.0173 0.0155 0.9712 0.9725 

0.8729 0.8043 0.1219 0.1611 0.0053 0.0345 0.0171 0.0142 0.0021 0.0018 0.9809 0.9839 

0.8873 0.8585 0.1089 0.1254 0.0038 0.0162 0.0184 0.0164 0.0013 0.00062 0.9802 0.9829 

0.9053 0.9089 0.0916 0.0840 0.0030 0.0071 0.0180 0.0189 0.0009 0.00018 0.9811 0.9809 

0.9809 0.9771 0.0181 0.0207 0.0010 0.0022 0.0259 0.0266 0.000069 0.0000001 0.9740 0.9733 

0.9343 0.9324 0.0635 0.0628 0.0022 0.0047 0.0220 0.0256 0.0008 0.0000016 0.9772 0.9744 

0.8971 0.8842 0.1001 0.1051 0.0028 0.0107 0.0163 0.0238 0.0010 0.000010 0.9827 0.9762 

0.8819 0.8318 0.1140 0.1442 0.0040 0.0239 0.0147 0.0185 0.0017 0.0015 0.9836 0.9800 

0.4698 0.4650 0.2544 0.2572 0.2759 0.2777 0.0314 0.0388 0.1377 0.1313 0.8309 0.8299 

0.5973 0.5397 0.2116 0.2453 0.1911 0.2150 0.0134 0.0135 0.0320 0.0324 0.9546 0.9541 

0.5739 0.5027 0.2188 0.2517 0.2073 0.2457 0.0145 0.0210 0.0419 0.0760 0.9436 0.9029 

0.3954 0.3865 0.2716 0.2656 0.3330 0.3479 0.0561 0.0567 0.1932 0.1651 0.7507 0.7782 

0.3649 0.3444 0.2739 0.2679 0.3612 0.3877 0.0964 0.0952 0.2195 0.2086 0.6841 0.6962 

 H2O  HCl DiPE         

r2 0.9813 0.9363 0.9957         

rRMSD 0.8982           
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Table 4.6: Experimental data (Maljkovic[38]) for the system Water – FeCl3 - DiPE and the calculated 

values using the NRTL in mole fraction at 293.15 K and atmospheric pressure and the relative 

square error and relative root mean square deviations for each component 

Raffinate phase Extract phase 

Water   FeCl3  DiPE  Water  FeCl3  DiPE  

Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.9465 0.9476 0.0516 0.0505 0.0019 0.0019 0.0459 0.0349 0.0062 0.0076 0.9478 0.9574 

0.9487 0.9499 0.0513 0.0501 + + 0.0419 0.0248 0.0027 0.0031 0.9553 0.9721 

0.9614 0.9591 0.0386 0.0409 + + 0.0289 0.0207 0.0002 0.0001 0.9710 0.9791 

0.9621 0.9818 0.0380 0.0182 + + 0.0275 0.0239 0 0 0.9724 0.9761 

0.9775 0.9838 0.0225 0.0162 + + 0.0301 0.0255 0 0 0.9699 0.9745 

0.9820 0.9850 0.0180 0.0149 + + 0.0328 0.0262 0 0 0.9671 0.9738 

0.9886 0.9883 0.0114 0.0117 + + 0.0341 0.0276 0 0 0.9659 0.9724 

0.9924 0.9923 0.0076 0.0078 + + 0.0356 0.0283 0 0 0.9644 0.9717 

0.9940 0.9940 0.0060 0.0059 + + 0.03552 0.0282 0 0 0.9645 0.9718 

0.9967 0.9968 0.0033 0.0032 + + 0.0368 0.0277 0 0 0.9632 0.9723 

0.9989 0.9989 0.0011 0.0011 + + 0.0355 0.0272 0 0 0.9645 0.9728 

0.9996 0.9996 0.0004 0.0004 + + 0.0356 0.0278 0 0 0.9644 0.9722 

 H2O  FeCl3 DiPE         

r
2
 0.9997 0.9204 0.9998         

rRMSD 0.0897           

+ value of DiPE is lower than 0.0001 mol%  
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Table 4.7: Experimental data (Maljkovic[37]) and calculated values in mole fraction for the system 

Water – FeCl3 – DiPE – HCL at 293.15 K and atmospheric pressure 

Experimental 

[HCl]initial 

M 

Aqueous phase Ether phase 

FeCl3 DiPE H2O HCl FeCl3 DiPE H2O HCl 

6.18 0.0002 0.0015 0.8883 0.1100 0.0323 0.7007 0.2367 0.0302 

4.94 0.0013 0.0009 0.9126 0.0852 0.0240 0.7783 0.1783 0.0194 

3.75 0.0029 0.0009 0.9283 0.0678 0.0014 0.9591 0.0382 0.0014 

2.47 0.0037 0.0009 0.9505 0.0450 0.0000 0.9778 0.0222 0.0000 

 Calculated 

6.19 0.0000 0.0195 0.8459 0.1346 0.0349 0.8483 0.1111 0.0057 

4.94 0.0000 0.0108 0.8840 0.1051 0.0319 0.8384 0.1282 0.0015 

3.75 0.0039 0.0077 0.9124 0.0760 0.0010 0.9789 0.0197 0.0004 

2.48 0.0039 0.0043 0.9433 0.0485 0.0000 0.9788 0.0211 0.0001 

 FeCl3 DiPE H2O HCl     

r
2 0.9539 0.9841 0.9845 0.9001     

rRMSD 2.6649        
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5.  Process design and economical evaluation for ferric 

chloride production and concentration through 

liquid-liquid extraction 

 

Abstract 

This Chapter describes a conceptual process design of concentrating ferric chloride using 

liquid – liquid extraction with diisopropyl ether, including the solvent recovery step and HCl 

purification step. Simulations were performed using Aspen Plus. By using the major part 

(96.5%) of the raffinate phase for the hydrochloric acid stripping step in the hydrochloric 

acid production process and the remainder of the raffinate phase for the stripping based 

solvent recovery step, no HCl recovery from the raffinate phase is required and hydrochloric 

acid is immobilized within the process. According to the final simulation the liquid – liquid 

extraction process requires only 27% of the energy consumption when compared to the 

regular triple effect evaporation technology and a 46 wt% ferric chloride concentration was 

obtained. Using ASPEN Economic Evaluation V7.3 a rough estimation for the capital costs 

was made, and a comparison of the liquid – liquid extraction process with triple effect 

evaporation was made. It was found that the capital costs for the conventional multiple 

effect evaporation process is 3 million euro and the novel liquid – liquid extraction designed 

process is 7 million euro. The calculated pay-back period is 2 years when the plant is built in 

Europe and even shorter when built in the Far East. 
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5.1 Introduction  

As mentioned in the previous Chapters, one of the most energy intensive processes in the 

chemical industry concerns water removal from polar mixtures with high boiling 

components, e.g. salts. Water is usually removed by multiple effect evaporation (MEE), 

which is highly energy demanding due to the high enthalpy of evaporation of water [1,2]. 

Ferric chloride or anhydrous iron (III) chloride is a highly hygroscopic compound which 

hydrolyzes in water, resulting in a brown, acidic and corrosive solution. Ferric chloride is an 

important chemical used for sewage treatment and in the production of drinking water 

[3,4,5]. The industrial manufacturing of ferric chloride is schematically illustrated in Figure 

5.1 and carried out by an exothermic reaction between ferric oxide and excess hydrochloric 

acid, resulting in aqueous salt solutions ranging in concentration from 5 wt% to 30 wt% [6,7]. 

To achieve a trading concentration of at least 40%, a concentration step is required.  

Typically, the HCl is produced on-site. The concentration unit operation is usually a 

membrane, or a thermal separation but alternatively extraction combined with a ferric 

chloride recovery step could be used. 

 

Figure 5.1: Block scheme of industrial ferric chloride production using membrane or thermal 

technology 

Previously, the use of liquid – liquid extraction (LLX) with ethers [8], in particular diisopropyl 

ether (DiPE) and diethyl ether has been proposed for the concentration of FeCl3 (Chapter 2). 

Because the mutual solubility of water and DiPE is lower than that for water and diethyl 

ether, DiPE appears to be the better candidate of the two solvents, and was selected as 

solvent for further studies (Chapter 3). In this Chapter, a process simulation study is 

described that allows for a techno-economic evaluation. In this simulation study, a 

thermodynamic model (non-random two liquid (NRTL) model) was applied to describe the 
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biphasic FeCl3 – HCl – DiPE – Water quaternary systems. The parameters in this model have 

been determined in a previous study [9] (Chapter 4). 

5.2 Process Descriptions 

5.2.1 Conventional process for ferric chloride 

On industrial scale, the manufacturing of FeCl3 is carried out by an exothermic reaction 

between ferric oxide (Fe2O3) and excess hydrochloric acid (HCl) (Equation 5.1), resulting in an 

aqueous salt solution [10,11,12,13].  Depending on the process conditions the final product 

results in an aqueous salt solution, containing 5-30 wt% of FeCl3. 

Fe#O;	(~) + 6	HCl	(��) 	⇆ 3	H#O	(F) + 2	FeCl;	(��)    5.1 

For industrial ferric chloride uses a higher final product concentration is needed, requiring a 

concentration step.  It was decided to also study one of the conventional concentration 

methods, the multi effect evaporation [2] as benchmark technique and to make a process 

description containing a triple effect evaporation (TEE, Figure 5.2).  Next to the TEE, also the 

production of HCl, feedstock for the FeCl3, was taken into account. To produce gaseous HCl, 

several techniques are available nowadays, by the direct reaction of hydrogen and chlorine, 

by reaction of metal chlorides and acids, and as a byproduct from other chemical process 

(e.g. manufacturing of aromatic hydrocarbons) [14]. Here, the production of HCl via direct 

reaction between H2 and Cl2 was simulated using Aspen Plus. Direct reaction between H2 and 

Cl2 was chosen to minimize the number of low profit side-products [15]. During this process, 

HCl is produced from hydrogen (H2) and chloride (Cl2), using a two-step conversion process 

at atmospheric pressure. The adiabatic reaction between the stoichiometric proportions of 

H2 and Cl2 can reach flame temperatures up to 2763 K, where the equilibrium mixture 

contains about 4.2 vol% free chloride. The unbound H2 and Cl2 is for over 99% converted by 

quenching the reaction mixture to 473 K. Because of the high temperatures, special 

materials are required to produce these reactors. In general, silica seems to be a good 

material of construction for the burner. The remaining parts of the reactor, can be produced 

out of cast iron or steel alloys, which are resistant to attack by dry and pure HCl gases. It is 

important that no oxygen is present during this reaction, because in that case the produced 

water vapor can accelerate the corrosion. The produced gas in these combustion chambers 
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then flows through an absorber to produce a 30 – 32 wt% aqueous HCl solution, which is 

used as feedstock in the FeCl3 synthesis.  

 

Figure 5.2: FeCl3 production scheme including the hydrochloric acid production via direct reaction 

between H2 and Cl2, the FeCl3 synthesis reactor, and the triple effect evaporation to concentrate 

the FeCl3 to 42 wt% 

5.2.2  Proposed alternative FeCl3 production with concentration 

through LLX  

Like the conventional process, this process contains two reaction stages, to produce HCl and 

the ferric chloride solution, and a concentration step to obtain FeCl3 in concentration of 

42wt%. In this design a LLX using ethers with a recovery step by volatile solvent stripping / 

evaporation is proposed (Chapter 2). This scheme is given in Figure 5.3.  

 

Figure 5.3: Block scheme of proposed ferric chloride production using LLX with ethers to 

concentrate the final FeCl3 solution 

The produced FeCl3 solution is fed to an extraction column, where the FeCl3 is extracted into 

the ethereal phase. A detailed analysis of the extraction mechanism and thermodynamics of 

the LLE system was discussed in reference [9] (Chapter 4), and showed that adding 
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additional HCl to the extraction process significantly improved the extraction yield. 

Therefore, in the process simulation the HCl production stage was included. 

After the extraction stage, where the FeCl3 was extracted in to the ethereal phase, a 

recovery stage should yield highly concentrated FeCl3. In an experimental study, it was found 

that complete FeCl3 recovery from the ethereal phase by evaporation of ether is not 

possible, unless water is added to the FeCl3
-solution in DiPE [8]. By adding water in the 

thermal recovery, a kind of stripping operation is developed, during which most of the DiPE 

evaporates and is collected over the top. The bottom stream is a concentrated aqueous 

FeCl3 solution that still contains some DiPE, which is removed by steam stripping. Since the 

final product is used for water purification, there are maximum limits of DiPE acceptable in 

the final product. According to the material safety data sheets (MSDS) of DiPE, the maximum 

exposure limit is 310 ppm. This value was taken as guideline for the separation, knowing that 

only 25 – 35 ppm [16] of the concentrated FeCl3 is used in waste water purification for 

removal of phosphate and any additional anions, such as  sulfides, so that in the final water 

stream the concentrations of DiPE will be less than 0.01 ppm which is far below the 

acceptable 310 ppm exposure limit. 

In Figure 5.4 complete process design is shown with complete heat integration 

implemented. An important element in the design of the process is to recover the HCl out of 

the raffinate stream. In the literature several, energy consuming techniques where found, 

such as condensation of the chlorinated hydrocarbons, fractional distillation, aqueous 

absorption, etc. [14]. 

The raffinate stream from the extraction unit, containing H2O, HCl and some amount of DiPE, 

is divided into two streams of 96.5% and 3.5% (mass based) of the total stream. The major 

part (96.5%) of the aqueous raffinate stream is used as carrier in the HCl absorber in the HCl 

production process. In this way the energy intensive HCl recovery step is avoided. The 

bottom stream from the HCl absorber is the final HCl product used in the ferric chloride 

production. The top stream from the HCl absorber, containing some amounts of HCl and 

DiPE is then fed together with the extract to the ferric chloride stripper for the solvent (DiPE) 

recovery. The HCl, which remains in the final ferric chloride solution after solvent recovery, is 

necessary to avoid undesirable hydrolysis of ferric chloride [17].  
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The remaining part of the raffinate stream (3.5%), is first treated in the flash vessel for HCl 

and DiPE separation. The HCl-rich water stream from the flash vessel is recycled to the ferric 

chloride production reactor and the DiPE- rich water stream is sent to the ferric chloride 

stripper for solvent recovery. 

 

Figure 5.4: Process design to concentrate ferric chloride solutions using LLX and DiPE 

5.3 Process simulations 

Two types of processes were simulated in Aspen Plus. In the first process, the formation of 

ferric chloride by the reaction of ferric oxide with hydrochloric acid was followed by a 

concentration step through triple effect evaporation. The evaporators were modeled in 

Aspen Plus using the two outlet Flash module. As a property base method the electrolyte 

NRTL model with the default convergence methods were used. 

In the second process, the concentration step was through liquid – liquid extraction. In both 

processes, a total capacity of 220 kton per year of 40 wt% FeCl3-solution is aimed for and a 

total of 330 working days are considered per year. The property model used for all 

calculations was NRTL and all calculations were completed in the equilibrium mode. A 

continuous stirred-tank reactor (CSTR) was used for the production of HCl and FeCl3. For the 

HCl absorber a column with 8 stages (as energy optimum investigated number) was used in 

vapor – liquid – liquid phases. The extraction was simulated in a single stage decanter (as a 

high HCl concentration was used). For the ether stripping and evaporation a column with 5 
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stages (as energy optimum investigated number) simulated in the vapor – liquid – liquid 

phases mode was used as a check to detect the possible formation of two liquid phases. The 

NRTL activity coefficient model parameters that were determined  in Chapter 4 [9] were 

applied in the stripper.  

After connecting all stream in this process simulation and heat integration, the deviation of 

the input/output mass balance was validated with a deviation of 8.057∙10-9 %. 

Using ASPEN Economic Evaluation V7.3 a rough estimation for the capital costs is made 

based on an annually production of 200 ktons of final 42wt% FeCl3 product, to make a 

comparison between the two different concentration processes. 

5.4 Results 

5.4.1 Process with concentration through triple effect evaporation 

In this simulation 4 initial salt concentrations were chosen, 5 < [FeCl3]initial < 30 wt%. The 

calculated energy consumption is presented in Table 5.1. 

Table 5.1: Energy consumption of a triple stage evaporation step, at different initial 

concentrations. 

Initial FeCl3 

concentration [wt%] 

Process stream 

[ktons/year]
 

Evaporation of H2O 

[ktons/year] 

Heat required 

[MW]
 

30 295.8 74.3 1.78 

20 445 223.3 5.07 

10 893 671.6 14.96 

5 1 800 1 578.7 34.97 

5.4.2 Process with concentration through liquid – liquid extraction 

For simulation of the LLX process design, only one initial concentration was chosen, [FeCl3] = 

10wt% due to the complexity of closing the simulation loop in AspenPlus and resulting 

convergence issues. 

5.4.2.1 Hydrochloric acid 

The reactor conditions for R1 and R2 in the simulation of the hydrochloric acid production, 

as well as the calculated conversion are in Table 5.2, based on the hydrochloric acid process 
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presented in Figure 5.2. During the simulations the amounts of H2 and Cl2 were always fed 

stoichiometric. Complete mass balance can be found in Table 5.4. 

Table 5.2: Process conditions hydrochloric acid reactors. 

Process conditions HCL reactors 

Reactor [-] R1 R2 

Reaction phase [-] Gas Gas 

Temperature [K] 2763 783 

Pressure [atm] 1 1 

Fractional conversion [-] 0.8995 (of Cl2) 0.99 (of Cl2) 

ΔrH
0 [kJ/mol] -184.6 -184.6 

5.4.2.2 Ferric chloride production and liquid – liquid extraction using 

DiPE 

To ensure that all Fe2O3 reacts, an  excess amount of HCl  is added to the ferric chloride 

production reactor to shift the equilibrium (Equation 5.1) to the right side (molar ratio of 

Fe2O3 and HCl is ensured to be 1:6 [18]). The reactor is operated at 368 K. To determine the 

produced reaction heat, this reactor simulation is based on the stoichiometric model and is 

modeled at atmospheric pressure. The reactor temperature is controlled by the water 

stream through this reactor, and the reaction heat is removed by using an external heat 

exchanger.  The complete mass balance for ferric chloride production and extraction can be 

found in Table 5.4 and Table 5.5 and for ether stripping and the final product in Table 5.6. 

Table 5.3: Process conditions ferric chloride reactors. 

Process conditions FeCl3 reactors 

Reaction phase [-] Liquid-solid 

Temperature [K] 368 

Pressure [atm] 1 

Fractional conversion [-] 1.00 (of FeCl3) 

ΔrH
0 [kJ/mol] -137.67 

 

After the FeCl3 production, a 10 wt% FeCl3 solution is produced that needs to be cooled 

down to 295 K, and heat integration is applied to recover the reaction heat. After reaching a 
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temperature of 295 K, extraction can be applied to remove the FeCl3 complex out of the 

aqueous solution, into the ethereal phase. This extraction process is already discussed [9] in 

Chapters 2, 3 and 4. Due to the high HCl concentration, full extraction is obtained using a 

single stage model extraction.  All FeCl3 is extracted, in complex form, to the ethereal phase. 

Next, ferric chloride is recovered from the extract phase in the ferric chloride stripper. For 

effective DiPE removal, the stream is pre-heated to 382 K for a partial evaporation (boiling 

temperature of the aqueous 42 wt% FeCl3 solution at atmospheric pressure). At this 

temperature a vapor fraction of 0.77 is obtained, in which all DiPE that was not complexed 

to ferric chloride is present. To remove DiPE the extract stream is then fed to the stripper / 

evaporation column,  operated at atmospheric pressure, together with the vapor HCl stream 

from the HCl stripping section and part of raffinate stream which is pre-mixed with water. By 

adding the water to this five stage counter current liquid-vapor column, the obtained final 

product contains 45.5 wt% FeCl3. After this step the concentrated aqueous ferric chloride 

solution still contains about 4 wt% DiPE, which is far too high to meet the product 

specification for FeCl3. To reduce this amount of DiPE, an additional steam stripping 

operation at atmospheric pressure was applied. 

 After this additional separation step the final product contains 52 ppm DiPE and has a purity 

of 46 wt% FeCl3.  

5.4.3 Process comparison 

Based on the final conceptual process design for the concentration of FeCl3 by LLX (Figure 

5.4), and the process by TEE (Figure 5.2) the energy consumption of the two processes can 

be compared (Figure 5.5). From the simulations it follows that the conventional process uses 

2 130 kJ to produce one kg of final product (40 wt% FeCl3) and the LLX process uses only 584 

kJ to produce one kg of final product (46 wt% FeCl3). So by using the LLX process only 27 % of 

the regular energy consumption is required (Figure 5.5). By using natural gas as heating 

source, with a heating value of 31.6 MJ/m3 an average cost price is calculated. According to 

ICIS-pricing the price per 28m3 (per thousand cubic feet) of natural gas in the USA has fallen, 

due to the fact that shale gas started to become available between 2008-2009, making the 

gas price independed from the oil prices. In Europe the natural gas price remained more tied 
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to the oil prices, meaning that the gas prices are rising while in Middle East, price is very low 

especially compared to the Far East (Japan).  

Based on this knowledge an estimation of the natural gas price is made, based on the values 

of May 2013. Prices are 0.02 euro/m3 in Saudi Arabia, 0.08-0.10 euro/m3 in the U.S, around 

0.32 euro/m3 in Europe, and as high as 0.46 euro/m3 in Japan. When this LLX process is built 

in Europe, the annual energy saving would be 2 million euro excluding VAT, while in USA this 

value will be around 1 million euro, Middle East 0.2 million euro and by far most expensive in 

Far East, Japan 4.6 million euro. During this calculation no attempt was made to account for 

the effect of inflation since the prices of energy does not follow necessarily the general trend 

of consumer prices. 

 

Figure 5.5: Energy consumption (a) and the capital cost (b) for triple effect evaporation and LLX  

concentration process design 

With the economic evaluation (installed equipment cost, Table 5.7 and Table 5.8) it was 

found that the capital costs for the conventional multiple evaporation process is 3 million 

euro and the LLX process is 7 million euro. One of the main considerations is the material 

choice. Due to the high corrosively properties of chlorides hydrochloric acid and ferric 

chloride will attack almost all industrial metals and alloys to some extent. Whilst carbon and 

stainless steels are generally used materials of construction, and non-metallic and lined or 

plastic process equipment use is increasing in last decade [14]. Tantalum or highly resistance 

nickel alloys such as Hastelloy B / C (used in this evaluation) may be used for equipment 

material [13]. Within this plant, special noncorrosive materials needs to be considered for all 

steps, from hydrochloric production, ferric chloride production and both concentration 
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technologies TEE  and LLX until the storage of the material. For the ferric chloride lines and 

equipment only materials such as rubber lined steel, plastics such as polyethylene, poly(vinyl 

chloride), and polytetrafluoroethylene, fiber-reinforced plastics, glass, stoneware, porcelain, 

and enamel. The only suitable metallic materials are titanium, tantalum, and Hastelloy C can 

be used [13]. 

The payback period (PBP) is defined as the minimum length of time theoretically required to 

recover the initial capital investment based on the average profit and average depreciation. 

Only a basic approximation between both concentration processes is made, since the rest of 

the process is identical. Globally the pay-back period of this LLX process will be 4/2 ≈ 2 years 

for Europe. For large production facilities, as petro chemistry and refining, the PBP should be 

between seven and ten years [19]. This value is much smaller for high-tech processes, as in 

specialty chemical biotechnologies. When looking at smaller scale projects, as revamping or 

energy saving typical values for the payback time are two to three years, but sometimes 

shorter depending on the sizes of the production facility [20] . 

Due to the high energy saving a short payback time of this LLX process is obtained, based on 

this knowledge it seems most promising to invest in this extraction process in the Europe as 

well as in Far East where the price of gas is high.  
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5.5 Conclusions 

A LLX approach to concentrate ferric chloride solutions by liquid – liquid extraction was 

compared with the conventional process making use of triple effect evaporation. Both 

processes were simulated using Aspen Plus. By recycling the raffinate stream, a high initial 

HCl concentration can be used, resulting in a single stage extraction step with 99% efficiency. 

Due to HCl recycling no purification of raffinate stream from the HCl is required. According 

to the final simulation the LLX projected process requires only 27% of the regular energy 

consumptive and the final product has a higher FeCl3 concentration than the triple effect 

evaporation. This energy saving leads to an annually energy saving of 2 million euro in 

Europe and 1 million euro in USA for 200kT per annum of 42wt% FeCl3 solution production. 

Using ASPEN Economic Evaluation V7.3 it was found that the capital costs for the 

conventional multiple evaporation process is approximately 3 million euro and the novel LLX 

designed process is approximately 7 million euro. This means that  the  payback time will be 

around 2 years in Europe and even less in Far East. Taking the size of this process and the 

short pay-back time into account, it seems promising to invest in the construction of this LLX 

process in Europe and in Far East. 

5.6 Nomenclature 

Subscripts and superscripts 

aq   Aqueous 

g   Gas phase 

Abbreviations 

DiPE   Diisopropyl ether 

eNRTL   Electrolyte non-random two liquid 

FeCl3   Ferric chloride 

Fe2O3   Ferric oxide 

HCl   Hydrochloric acid 

H2O   Water 

ICIS   Integrated Clinical Information System 

LLE   Liquid – liquid Equilibrium 

LLX   Liquid – liquid Extraction 
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NRTL   Non-random two liquid 

PBP   pay-back period 

ppb   parts per billion 

ppm   parts per million 

USA   United States of America 

USD   United States Dollar 

VAT   Value Added Tax 
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Appendix 

Table 5.4: Mass balance for hydrochloric production and ferric chloride production using Aspen 

Plus 

 H2 + Cl2 HCl 

reaction 

HClaq Fe2O3 FeCl3 

Production 

FeCl3 aq 

temperature [K] 293.1 782.8 323.7 293.1 386.2 293 

pressure [atm] 1 1 1 1 1 1 

vapor fraction 1 1 0 0 0 0 

mol flow [kmol/hr] 227.89 227.89 4496.82 35 4560.87 4557.84 

mass flow [kg/hr] 8308.94 8308.94 105133.5 5589.23 112916.82 112817.1 

vol. flow [l/min] 91363.02 243954.2 1837.59 141.46 2124.49 1857.94 

enthalpy [gcal/hr] -0.01 -4.24 -278.02 -0.25 -284.09 -292.28 

mass fraction 

H2O 0 0 0.611 0 0.598 0.599 

HCl 0 0.999 0.285 0 0.205 0.204 

DiPE 0 0 0.103 0 0.096 0.096 

Ferric chloride 0 0 0 0 0.101 0.101 

H2 0.028 0 0 0 0 0 

Cl2 0.972 0.001 0 0 0 0 

Fe2O3 0 0 0 1 0 0 
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Table 5.5: Mass balance for ferric chloride extraction Aspen Plus 

 Ether Extract Raffinate Raffinate1 Raffinate2 

temperature [K] 293.1 301.6 301.6 301.9 408.7 

pressure [atm] 1 1 1 1 1 

vapor fraction 0 0 0 0 0.33 

mol flow [kmol/hr] 636.15 995.26 4198.74 4269.2 146.96 

mass flow [kg/hr] 65000 81531.39 96285.74 96832.6 3370 

volume flow [l/min 1492.69 1677 1641.37 1649.32 26821.28 

enthalpy [gcal/hr] 53.54 -78.31 -267.54 -273.02 -8.61 

mass fraction 

H2O 0 0.061 0.65 0.664 0.65 

HCl 0 0.007 0.233 0.224 0.233 

DiPE 1 0.792 0.117 0.112 0.117 

Ferric chloride 0 0.139 0 0 0 

H2 0 0 0 0 0 

Cl2 0 0 0 0 0 

Fe2O3 0 0 0 0 0 
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Table 5.6: Mass balance for ether stripping and final product Aspen Plus 

 Water  

+ HCl 

Water + 

DiPE 

HCl + 

DiPE 

Extract DiPErecovery [FeCl3]aq 

HCl 

Steam Final 

Product 

Further 

purification 

Temp. 

 [K] 

408.7 330 302 381.7 382.3 381.6 388.1 388.5 297.4 

Pressure 

 [atm] 

1 1 1 1 1 1 1 1 1 

vapor 

fraction 

0 0 1 0.77 1 0 1 0 0 

mol flow  

[kmol/hr] 

99.05 558.59 0.26 995.21 791.34 762.73 30000 791.43 29970.3 

mass flow 

 [kg/hr] 

2194.05 10375.95 8 81529.83 66954.65 24959.13 540458.4 24608.33 540809.2 

volume 

flow  

[l/min] 

42.53 181.51 108.91 399205.1 413697.5 409.75 1.5925∙107 399.02 9065.6 

enthalpy  

[gcal/hr] 

-5.83 -37.84 -0.01 -69.57 -54.94 -52.47 -1710.87 -54.08 -2045.48 

mass fraction 

H2O 0.635 0.963 0.007 0.061 0.044 0.481 1 0.517 0.998 

HCl 0.358 0 0.519 0.007 0 0.023 0 0.023 39ppm 

DiPE 0.007 0.037 0.442 0.792 0.956 0.04 0 52ppm 0.002 

FeCl3 0 0 0 0.139 0 0.455 0 0.46 54ppm 

H2 0 0 0.028 0 0 0 0 0 0 

Cl2 0 0 0.004 0 0 0 0 0 12ppb 

Fe2O3 0 0 0 0 0 0 0 0 0 
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Table 5.7: Capital costs calculation for conventional process using ASPEN Plus. 

Total costs equipment conventional process 

 Volume 

[m3] 

Vessel 

diameter [m] 

Vessel 

height [m] 

Surface 

area [m2] 

Price  

[€] 

EVAP-1 14.012 1.829 5.334 - 471 438 

EVAP-2 10.765 1.6764 4.877 - 452 189 

EVAP-3 8.746 1.6764 3.962 - 443 746 

HEX-1 - - - 269.128 525 134 

HEX-2 - - - 269.128 525 134 

HEX-4 - - - 254.769 542 357 

                                                                        Total capital costs:         2 959 998 

 

Table 5.8: Capital costs calculation for LLX process using ASPEN Plus. 

Total costs equipment LLX process 

 Volume 

[m3] 

Vessel 

diameter [m] 

Vessel 

height [m] 

Surface 

area [m2] 

Price  

[€] 

Extraction 22.885 2.134 6.401 -     100 829 

Ether stripping - 3.048 8.077 -     760 014 

Steam stripping 10.008 1.829 3.81 -       78 495 

HEX-1 - - - 8 333.420  5 651 210 

HEX-2 - - - 2.671     129 451 

                                                                                           Total capital costs:        6 719 999            
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6. Extractive concentration of aqueous salt solutions in 

aqueous two phase systems  

 

The content of this Chapter has been published as: 

M. Milosevic, K.J.J. Staal, B. Schuur, A.B. de Haan, Extractive concentration of aqueous salt solutions 

in aqueous two phase systems, Desalination. 324 (2013) 99–110. 

 

 

Abstract 

Concentration of aqueous salt solutions is among the most energy intensive processes in the 

chemical industry. In this Chapter it is reported on extractive concentration as an alternative 

for the traditional technologies based on water evaporation or reverse osmosis. Extractive 

technologies are potentially energy–efficient, key is avoiding evaporation of (co-)extracted 

water during the recovery of the solvent. Polymers have been applied as solvents, because 

recovery may be done through a mild temperature swing. For in total 53 commercially 

available polymers, the phase behavior of ternary systems containing water, salt (NaCl, 

Na2SO4, and FeCl3) and polymer was studied at room temperature (294 K) and atmospheric 

pressure. Formation of aqueous two phase systems (ATPS) was studied for various 

solvent/feed ratios (mass) of (0.25 < S/F < 0.75), and initial salt concentrations of 5 wt % < 

[salt]initial < 30 wt %. Several polyether (block co)polymers were found suitable for creating 

ATPS with NaCl and Na2SO4 with reasonable distributions of water. These systems were 

analyzed in more detail at 294 K and 314 K, showing concentration factors up to 7.7 in a 

single extraction step, and strong temperature dependency. Temperature responsive 

recovery by induced phase splitting was shown to be a promising option. 
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6.1 Introduction 

Salt production concerns large scale operations [1]. Often, salts are produced in dilute 

streams that need to be concentrated. For concentration of aqueous salt solutions, mostly 

evaporative technologies have been deployed [2,3,4]. Evaporation of water is highly energy 

demanding due to the high heat of evaporation of water, and alternatives like liquid – liquid 

extraction (LLX) can potentially save a lot of energy [5,6] if water evaporation is limited or 

even excluded. The applicability of alternative concentration technologies based on liquid – 

liquid operations in different salt productions is conditional to the properties of the salts and 

their aqueous solution. Under varying conditions, different technologies may be optimal. In 

this study, the applicability of liquid – liquid extraction using polymers as solvents to form 

aqueous two phasic systems (ATPS) was investigated for concentration of three salts (ferric 

chloride, sodium chloride, and sodium sulfate) that were selected as model salts, because of 

their relevance for industry and society.   

Ferric chloride is used in many different municipal and industrial water treatment 

applications [7], such as phosphorus removal, hydrogen sulfide control, sludge thickening, 

conditioning and dewatering agent, and chemically enhanced clarification [8–12]. It is also 

utilized as a primary coagulant in drinking water treatment [13–15]. The yearly  production is 

2.2 million metric tons aqueous FeCl3 (typically 45 wt %) (in 2010) [16,17]. Usually, the 

production involves the reaction between ferric oxide and hydrochloric acid resulting in 5–30 

wt% aqueous FeCl3-solutions that also contain 2.45 wt% HCl as stabilizer. Concentrations of 

over 40 wt% FeCl3 are desired for economic reasons, which is currently done through triple 

effect evaporation.  

Sodium chloride, mostly known for its domestic use, is also used in several production 

processes in the chemical industries, for de–icing and for softening of water [18]. These 

demands together require a massive production volume of 220 million metric tons per 

annum, mostly provided by brines from mines and seawater. Concentrating these brines is 

done mostly by distillation–based technologies and by membrane–based technologies. 

Where the evaporative technologies are energy demanding because of the high heat of 

evaporation of water, the membrane based separations require high pressures. 
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Sodium sulfate has a wide range of use, from the home–care industry, to the glass industry, 

in textile manufacturing industries and for a thermal storage of solar heat, making use of its 

high heat of melting. A large amount of energy can be stored in this working fluid by phase 

changing from solid to liquid, and subsequently the energy can be released from the 

material during liquid – solid transition [19]. This salt is produced from natural resources 

where crushed glauberite rocks are fed into a tank and the salt is leached into an aqueous 

solution. After removing the impurities the clean extract is evaporated and centrifuged. 

Finally the wet sodium sulfate is dried by multi–effect evaporation to obtain the final 

product in 4 million metric tons per year [20]. 

Thus, production of all three salts involves concentration of the aqueous salt solution, for 

which liquid extraction [21,22] could be applied. In the first part of this thesis liquid–liquid 

extraction of ferric chloride from aqueous solutions using a wide range of solvents was 

studied [6]. It was found that ethers are interesting for the extractive concentration of ferric 

chloride. Besides the ethers, polymers may also be used for extractive concentration of salts 

[5,23,24]. Formation of ATPS systems has been reported for a range of polymers with 

different salts [25], and ATPS systems are usually mentioned in conjunction with separation 

of biomolecules [26–29]. However, because of the difference in distributions of water and 

salt over the two aqueous phases, ATPS might also be suitable to concentrate aqueous salt 

solutions. The use of polymers in extractive salt concentrations is specifically interesting if 

the ATPS is temperature responsive, i.e. the miscibility gap between the two aqueous phases 

changes with changing temperature. By increasing the miscibility gap, a phase separation 

may be induced. In a polymer based extraction process followed by induced phase 

separation (IPS) for recovery, the polymer is added to an aqueous salt solution, thereby 

forming an ATPS containing a polymer rich extract phase, and a polymer lean raffinate phase 

Figure 6.1. After the extraction, the phases are allowed to settle and are collected 

separately. The separated extract and raffinate phases are then subjected to a change in 

temperature to induce phase separations in order to recover the polymer without 

evaporation of water. Such extraction plus induced phase separation processes (LLE + IPS 

process) may be very economic due to the use of inexpensive polymers that are available on 

bulk scale, and avoiding the evaporation of water. Figure 6.1 displays the process concept 

for the proposed LLE + IPS process. 
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Figure 6.1: Process concept for concentration of aqueous salt solutions through liquid – liquid 

extraction with polymers followed by thermally induced phase separation  

In order to develop LLE-IPS based processes to concentrate aqueous salt solutions, three key 

conditions need to be satisfied.  

1) a biphasic system needs to be formed;  

2) the salt and the water need to distribute differently, i.e. the polymer should extract 

either the water or the salt preferentially, so that a separation can be realized;  

3) the polymer should be recoverable from both the extract phase and the raffinate 

phase, e.g. by temperature swing induced phase separation.  

In the study presented here, all three criteria (formation of a biphasic system, differentiation 

in distribution of salt and water, and recoverability through temperature swing) have been 

investigated. In the first part, formation of aqueous biphasic systems was studied, and the 

most promising mixtures in which biphasic systems were formed were studied in more detail 

by measuring the distributions of the salt, the polymer and water at different temperatures 

to study the separability of water and the salt, and the possibility to recover the polymer by 

temperature induced phase separation. The polymers that were studied are listed in Table 

6.1. 
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6.2 Experimental section 

6.2.1 Chemicals 

The following chemicals were purchased from Sigma Aldrich: solid anhydrous ferric chloride 

(reagent grade, >97%), nitric acid, sodium chloride (reagent grade, >99%), sodium sulfate 

(reagent grade, >99%). The water used was milli Q from MILLIPAK ® Express 20 Millipore 

(0.22 μm). All polymers in this study were used as supplied, and are listed in Table 6.1. 

6.2.2 Experimental procedures 

6.2.2.1 Phase behavior screening experiments 

ATPS-formation experiments were carried out in glass vessels of 16 mL placed in an oil bath 

to control the temperature. After one hour of mixing  aqueous salt solutions (for the sodium 

salts 5 wt % < [salt]initial < 15 wt %, for ferric chloride 10 wt % < [salt]initial < 30 wt %) with the 

polymer of choice in a solvent to feed ratio of 0.25 (volume based for liquid polymers), and 

0.2g/4mL for solid polymers at 500 rpm at 298.15 K and atmospheric pressure, the mixtures 

were allowed to settle for 2 hours, after which it was determined whether a single phase 

system or an ATPS was formed. In experiments where an ATPS was formed, 2 mL aliquots 

from both phases were analyzed by Karl Fisher Titration to determine the water content, 

and by atomic absorption spectrometry for the salt content. If no ATPS was formed, the S/F 

ratio was increased and the experiment repeated. When still no ATPS was formed at S/F = 

0.75 (volume based) or 0.6 g/4mL mass based, the polymer was considered not suitable for 

ATPS formation with that aqueous salt solution. 

In some cases, by adding the polymer to the salt solution a reaction and/or precipitation 

occurred. In those cases, the experiments were stopped and the observations were 

reported. The polymers that reacted were considered to be not suitable for salt 

concentration. If a polymer, which was in the solid/waxy state at room temperature, did not 

dissolve to form an aqueous polymer phase in equilibrium with a polymer lean aqueous 

phase, this polymer was considered to be not suitable. 
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Table 6.1: Polymers that were studied and some selected properties at 294 K. 

Polymer 

number 
Polymer 

Supplier* 

 

Mol.  weight 

(Da) 
Appearance Viscosity [cP] 

Hydroxyl umber 

(mg KOH/g) 

Density 

[g/cm
3
] 

1 PEG 200 SA 190 – 210 Liquid 50 535 – 590 1.12 – 1.13 

2 PEG 300 SA 280 – 320 Liquid 70 355 – 395 1.12 – 1.13 

3 PEG 400 SA 380 – 420 Liquid 90 265 – 295 1.12 – 1.13 

4 PEG 600 SA 570 – 630 Liquid 135 175 – 195 1.12 – 1.13 

5 PEG 1000 SA 950 – 1050 Waxy solid 20 
a
 105 – 120 1.08 – 1.09 a 

6 PEG 4000 SA 3500 – 4500 White flake 100 
a
 25 – 35 1.08 – 1.09 a 

7 PEG 6000 SA 5000 – 7000 White flake 100 a 25 – 35 1.08 – 1.09 a 

8 PEO 600 000 SA 600 000 Powder 4500–8800 
b
 n.a. n.a. 

9 PPG 425 SA 425 Liquid 80 263 1.004 

10 PPG 1000 SA 1000 Liquid 150 111 1.005 

11 PPG 2000 SA 2000 Liquid 300 56 1.005 

12 PPG 2700 SA 2700 Liquid 630 37 1.004 

13 Block PPG – block PEG – block PPG (50wt% PEG) SA 2000 Liquid 600 n.a. 1.048 

14 Terathane® 1000 SA 950 – 1050 Waxy solid 260 – 320 
c
 180 – 166 0.974 c 

15 Terathane® 2900 SA 2900 Waxy solid 3200 – 4200 
c
 40 – 38 0.970 c 

16 Pluronic® PE 3100 B 950 – 1050 Liquid 175 n.a. 1.02 

17 Pluronic® PE 6400 B 2900 Liquid 1000 n.a. 1.05 

18 Pluronic® PE 10500 B 6500 Waxy solid n.a. n.a. 1.03
d
 

19 Pluronic® PEG–PPG–PEG L31 SA 1000 – 1100 Liquid 175 n.a. 1.018 

20 Pluronic® PEG–PPG–PEG L61 SA 2000 Liquid 325 n.a. 1.006 

21 Pluronic® PEG–PPG–PEG L35 SA 1900 Liquid 375 n.a. 1.06 

22 Pluronic® PPG–PEG–PPG 10R5 SA 2000 Liquid 480 n.a. 1.058 

23 Poly(vinyl alcohol) 25000 SA 25000 White flake n.a. n.a. 1.006 

24 Poly(vinyl alcohol) 133000 SA 133000 White flake n.a. n.a. 1.29 

25 Polyvinyl pyrrolidone (PVP) K12 SA 3500 White flake 1.3 – 2.3 e n.a. n.a. 

26 PVP K25 SA 20000 White flake 3.5 – 5.5 
e
 n.a. n.a. 
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27 Polyethylenimine 2000 SA 2000 n.a. n.a. n.a. n.a. 

28 Polyethylenimine 3000 SA 3000 n.a. n.a. n.a. n.a. 

29 Poly(diallydimethyl ammonium chloride) SA 100000 Solid 60 – 180 f n.a. n.a. 

30 Triton X–15 (octylphenol-(EO)2) SA 294 Liquid 790 n.a. 0.989 

31 Triton X–35 (octylphenol-(EO)3) SA 338 Liquid 370 n.a. 1.013 

32 Triton X–45 (octylphenol-(EO)5) SA 427 Liquid 290 n.a. 1.031 

33 Triton X–100 (octylphenol-(EO)10) SA 647 Liquid 240 n.a. 1.061 

34 Triton X–102 (octylphenol-(EO)12) SA 734 Liquid 330 n.a. 1.07 

35 Triton X–114 (octylphenol-(EO)8) SA 530 Liquid 260 n.a. 1.052 

36 Dioctyl Sulfosuccinate SA 500 Waxy solid n.a. n.a. 1.1 

37 Span® 60 (sorbitan monostearate) SA n.a. White flake n.a. 230 – 270 n.a. 

38 Genapol O 100 (C16-18fatty alcohol-(EO)10) SA n.a. White flake 32 g n.a. 0.98 g 

39 Dehypon® LS – 54 (C12fatty alcohol-(EO)5(PO)4) CB 638 Liquid 47 n.a. 0.9699 

40 Dehypon® LS – 45 (C12fatty alcohol-(EO)4(PO)5) CB 652 Liquid 44 n.a. 0,9613 

41 Dehypon® LS – 24 (C12fatty alcohol-(EO)2(PO)4) CB 506 Liquid 34 n.a. 0,9398 

42 Dehypon® 2574 (fatty alcohol alkoxylate mixture) CB n.a. Liquid 67 n.a. 0,9868 

43 Dehypon® OCP 502 (oleyl cetyl alcohol PG ether) CB n.a. Liquid 27 n.a. 0,8821 

44 Dehypon® LT 104 L (C12fatty alcohol-(EO)10C4H9) CB n.a. Liquid n.a. n.a. n.a. 

45 Dehypon® G 162 (2-hexyldecanol –(EO)2) CB n.a. Liquid 33 n.a. 0,8929 

46 Dehydol® LS – 2 (C12fatty alcohol-(EO)2) CB n.a. Liquid n.a. 195 – 204 0.868 – 0.872 

47 PAA 240000 SA 240000 White flake n.a. n.a. 1.09 

48 PAA partial sodium salt–graft–poly( (EO)) SA n.a. White flake n.a. n.a. 0.54 

49 PAA  partial sodium salt, lightly cross linked SA n.a. White flake n.a. n.a. n.a. 

50 O–O–Bis(2–aminopropyl)PPG–PEG–PPG SA 600 Liquid n.a. n.a. 1.056 

51 bis – MPA – polyester SA 7323 Powder n.a. 64 n.a. 

52 Boltorn® PFH – 16 – OH P 1750 Powder n.a. 16 n.a. 

53 Hybrane® S 1200 D 1200 Powder n.a. n.a. n.a. 

* SA = Sigma Aldrich, B = BASF, CB = Cogni –BASF, D = DSM, P = Perstorp,  

a
in 50 wt % aqueous solution, 

b
in 5 wt % aqueous solution, 

c
at 313K, 

d
at 333K, 

e
in 10 wt % aqueous solution, 

f
in 20 wt % aqueous solution, 

g
at 323K 
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6.2.2.2 Liquid – liquid equilibrium experiments 

Equilibrium liquid-liquid extraction measurements were done with some of the polymers (9, 

10, 19, 30, 39, 40, 41, 42, and 43) by mixing the polymers in S/F = 1 for 2 hours (equilibrium 

was reached within 1 hour) with aqueous salt solutions (1 wt % < [salt]initial < 20 wt %) in 80 

mL jacketed glass. Temperature was controlled by a water bath (298.15 K < T < 313.15 K) and 

mixtures werestirred magnetically (> 500 rpm).  After 2 hours the stirring was stopped, and 

the mixtures were allowed to settle for 12 hours. The phases were separated carefully and 

weighed. Aliquots of 2mL were taken from both phases for analysis by Karl Fischer Titration 

to determine the water content, and by atomic absorption spectrometry to measure the salt 

content. The polymer content in both phases was determined by mass balance. Next to S/F = 

1, also experiments have been conducted with 0.25 < S/F < 0.50  to investigate the influence 

of solvent on the extraction behavior. 

6.2.2.3 Thermally induced phase splitting experiments 

Experiments to investigate the recovery of water and salt from the polymer phase were 

performed with the polymers Dehypon® LS – 54, Dehypon® LS – 45, and Dehypon® LS – 24. 

The polymer phases were collected from liquid – liquid equilibrium experiments that were 

performed at 298.15K and S/F = 1 (on mass base) with 5wt% NaCl aqueous solutions as 

described above, and heated up to 323.15 K and were stirred at 500 rpm for 2 hours at that 

temperature. After 2 hours the stirring was stopped, and the mixtures were allowed to settle 

for 12 hours. The two phases in the ATPS systems that were obtained by the induced phase 

separation through temperature swing were carefully separated and weighed, and samples 

of 1 mL were taken from both phases for analysis by Karl Fischer Titration and atomic 

absorption spectrometry to determine the water and salt content. The polymer content in 

both phases was determined by mass balance.  

6.2.3 Analytical techniques 

Collected phases were weighed using a Mettler Toledo AX205 balance (d = 0.01). Karl Fischer 

Titrations were done using a 759 KFT Titrino Metrohm, standard deviation +/–0.5%. Atomic 

absorption spectrometry was done using a Varian SpectrAA 110 spectrometer (standard 

deviation < 2%). Samples of 1 g were diluted into 500mL water using a volumetric flask, and 
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from that flask 5 milliliter was injected into the apparatus to determine the sodium content 

(mg Na+/L) from which the salt concentration in g/L in the original sample was calculated. 

6.3 Results and discussion 

6.3.1 Biphasic system formation at 294K 

The results of the ATPS formation screening study are listed in Table 6.2. From Table 6.2, it 

can be concluded that for aqueous FeCl3 solutions, the only polymers that did not react with 

the salt and showed ATPS formation in the investigated S/F range belong to the Dehypon® 

group of polymers.  

For the sodium salts Na2SO4 and NaCl there were more polymers that formed ATPS. In some 

cases, ATPS were observed for Na2SO4, while the analogous experiments with NaCl showed 

homogeneous single liquid phases. These observations are in line with the Hofmeister series 

[30–33], from which larger immiscibility gaps for SO4
2- than for Cl- are expected. These 

differences in effects for different ions are also called ion-specific effects [34], and can be 

explained by the lower Gibbs free energy of hydration of sulfates as compared to chlorides 

[35]. 

The polymers that formed ATPS with both sodium salts were either block copolymers 

containing PPG and/or PEG blocks, or were PPG homopolymers. Differences in the Ethylene 

Oxide (EO) – Propylene Oxide (PO) ratio in the polymers were found to influence ATPS 

formation strongly. A similar trend has been reported for biomolecule separations with 

polymers having different EO-PO ratios [36]. 
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Table 6.2: Biphasic system formation at 298.15 K and atmospheric pressure. Minimum S/F ratio (mass based) at which ATPS formation was observed 

Polymer 

 number 
Polymer 

FeCl3 

(10% wt) 

FeCl3 

(20% wt) 

FeCl3 

(30% wt) 

NaCl 

(5% wt) 

NaCl 

(10% wt) 

NaCl 

(15% wt) 

Na2SO4 

(5% wt) 

Na2SO4 

(10% wt) 

Na2SO4 

(15% wt) 

1 PEG 200 ( – ) a ( – ) a ( – ) a ( – ) 
b
 ( – ) 

b
 ( – ) b ( – ) a ( – ) 

a
 ( – ) 

a
 

2 PEG 300 ( – ) a ( – ) a ( – ) a ( – ) 
b
 ( – ) b ( – ) b ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 

3 PEG 400 ( – ) 
a
 ( – ) a ( – ) a ( – ) 

b
 ( – ) b ( – ) b ( – ) a ( – ) a ( – ) 

a
 

4 PEG 600 ( – ) a ( – ) 
a
 ( – ) a ( – ) 

b
 ( – ) b ( – ) b ( – ) 

b
 0.27 0.26 

5 PEG 1000 ( – ) 
a
 ( – ) 

a
 ( – ) 

a
 ( – ) b ( – ) b ( – ) b ( – ) 

b
 0.27 0.26 

6 PEG 4000 ( – ) a ( – ) 
a
 ( – ) a ( – ) b ( – ) b ( – ) b ( – ) 

b
 0.27 0.26 

7 PEG 6000 ( – ) a ( – ) 
a
 ( – ) 

a
 ( – ) b ( – ) 

b
 ( – ) 

b
 ( – ) b 0.27 0.26 

8 PEO 600 000 ( – ) a ( – ) 
a
 ( – ) 

a
 ( – ) d ( – ) 

d
 ( – ) 

d
 ( – ) 

a
 ( – ) a ( – ) 

a
 

9 PPG 425 ( – ) 
a
 ( – ) a ( – ) a ( – ) b 0.28 0.27 0.29 0.27 0.26 

10 PPG 1000 ( – ) 
a
 ( – ) a ( – ) a 0.29 0.28 0.27 0.29 0.27 0.26 

11 PPG 2000 ( – ) 
a
 ( – ) 

a
 ( – ) a 0.29 0.28 0.27 0.29 0.27 0.26 

12 PPG 2700 ( – ) 
a
 ( – ) a ( – ) 

a
 0.29 0.28 0.27 0.29 0.27 0.26 

13 PPG – PEG – PPG  2000 ( – ) 
a
 ( – ) a ( – ) a 0.29 0.28 0.27 0.29 0.27 0.26 

14 Terathane® 1000 ( – ) 
c
 ( – ) c ( – ) c ( – ) 

c
 ( – ) c ( – ) 

c
 ( – ) c ( – ) 

c
 ( – ) 

c
 

15 Terathane® 2900 ( – ) a ( – ) 
a
 ( – ) a ( – ) a ( – ) a ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 

16 Pluronic PE®3100 ( – ) a ( – ) a ( – ) a ( – ) a ( – ) 
a
 ( – ) 

a
 ( – )  a ( – ) a ( – ) 

a
 

17 Pluronic PE®6400 ( – ) b ( – ) b ( – ) b ( – ) b ( – ) b ( – ) b ( – ) a ( – ) a ( – ) 
a
 

18 Pluronic PE®10500 ( – ) 
a
 ( – ) a ( – ) a ( – ) 

b
 ( – ) b ( – ) 

b
 ( – ) 

c
 ( – ) 

c
 ( – ) 

c
 

19 PEG-PPG-PEG Pluronic® L31 ( – ) a ( – ) 
a
 ( – ) 

a
 0.25 0.25 0.25 0.25 ( – ) 

a
 ( – ) 

a
 

20 PEG-PPG-PEG Pluronic® L61 ( – ) a ( – ) a ( – ) 
a
 0.25 ( – ) 

a
 ( – ) a 0.25 0.25 ( – ) 

a
 

21 PEG-PPG-PEG Pluronic® L35 ( – ) a ( – ) a ( – ) a ( – ) b ( – ) b ( – ) 
b
 0.25 0.25 0.25 

22 PPG-PEG-PPG 10 R5 ( – ) a ( – ) a ( – ) a ( – ) b ( – ) b ( – ) b 0.25 0.25 ( – ) 
a
 

23 PVA 25000 ( – ) a ( – ) a ( – ) 
a
 ( – ) a ( – ) 

a
 ( – ) a ( – ) 

a
 ( – ) a ( – ) 

a
 

24 PVA 133000 ( – ) a ( – ) a ( – ) a ( – ) 
a
 ( – ) a ( – ) a ( – ) 

a
 ( – ) a ( – ) a 

25 PVP K12 ( – ) a ( – ) a ( – ) a ( – ) b ( – ) b ( – ) b ( – ) b 0.069 0.066 

26 PVP K25 ( – ) 
a
 ( – ) a ( – ) 

a
 ( – ) 

b
 ( – ) 

b
 ( – ) b 0.096 0.092 0.088 
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27 Polyethylenimine 2000 ( – ) a ( – ) a ( – ) 
a
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 0.25 0.24 

28 Polyethylenimine 3000 ( – ) 
a
 ( – ) a ( – ) a ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 0.25 0.24 

29 Poly(diallydimethyl ammonium chloride) ( – ) 
a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 

30 Triton® X–15 ( – ) a ( – ) a ( – ) 
a
 0.24 0.23 0.22 0.24 0.23 0.22 

31 Triton® X–35 ( – ) a ( – ) 
a
 ( – ) a ( – ) 

b
 ( – ) b ( – ) b 0.24 0.23 0.22 

32 Triton® X–45 ( – ) a ( – ) a ( – ) a ( – ) 
b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

a
 ( – ) 

a
 ( – ) a 

33 Triton® X–100 ( – ) a ( – ) a ( – ) 
a
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 0.24 0.23 0.22 

34 Triton® X–102 ( – ) 
a ( – ) 

a
 ( – ) 

a
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 0.22 

35 Triton® X–114 ( – ) a ( – ) 
a
 ( – ) 

a
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 

36 Dioctyl Sulfosuccinate ( – ) a ( – ) a ( – ) 
a
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 

37 Span® 60 ( – ) 
a
 ( – ) a ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 

38 Genapol® O 100 ( – ) b ( – ) 
b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

a
 ( – ) 

a
 ( – ) a 

39 Dehypon® LS – 54 0.22 0.20 0.18 0.23 0.23 0.22 0.23 0.22 0.21 
40 Dehypon® LS – 45 0.22 0.20 0.18 0.22 0.20 0.18 0.22 0.20 0.18 
41 Dehypon® LS – 24 0.22 0.20 0.18 0.22 0.20 0.18 0.22 0.20 0.18 
42 Dehypon® LS – 2574 0.22 0.20 0.18 0.22 0.20 0.18 0.22 0.20 0.18 
43 Dehypon® OCP 502 0.22 0.20 0.18 0.22 0.20 0.18 0.22 0.20 0.18 
44 Dehypon® LT 104 L 0.22 0.20 0.18 0.22 0.20 0.18 0.22 0.20 0.18 

45 Dehypon® G 162 ( – ) 
a
 ( – ) a ( – ) 

a
 0.22 0.20 ( – ) a ( – ) 

a
 0.20 0.18 

46 Dehydol LS – 2 ( – ) d ( – ) 
d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 

47 PAA 240000 ( – ) 
b
 ( – ) b ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 

48 PAA partial sodium salt–graft–poly(EO) ( – ) a ( – ) a ( – ) 
a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 

49 PAA partial sodium salt, lightly cross linked ( – ) 
a
 ( – ) a ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 ( – ) 

a
 

50 O–O–Bis(2–aminopropyl)PPG–PEG–PPG ( – ) a ( – ) a ( – ) 
a
 ( – ) b ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 ( – ) 

b
 

51 bis – MPA – polyester ( – ) d ( – ) d ( – ) d ( – ) 
d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 

52 Boltorn® PFH – 16 – OH ( – ) 
d
 ( – ) d ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 

53 Hybrane® S 1200 ( – ) 
d
 ( – ) 

d
 ( – ) d ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) 

d
 ( – ) d ( – ) 

d
 

a
no two phase system was formed, the polymer reacted with the salt system and/or precipitated, 

b
no two phase system was formed in the screened region of 0.25 < S/F < 

0.75 (single homogeneous liquid phase was observed), 
c
solid/waxed polymer has not been dissolved in the salt system; dgel formation between polymer and salt system 
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Based on the screening results, it was decided that the biphasic systems of low viscosity 

polyethers and sodium salts form the most promising group to continue with a detailed 

experimental liquid – liquid equilibrium analysis. These polymers were preferred over others 

that also showed ATPS, but had a much higher viscosity (polymers 11, 12, 13 and 30) and 

polymer 44 which is commercially obtained with 14.3 wt% of water in the product. Energy 

requirements for aqueous two phase systems can be lowered using the low viscous 

polymers because mixing, settling and handling of the system will be easier [37,38], in 

addition high viscous solvents reduce rate of mass transfer [39]. Ferric chloride salt had been 

discharged from the detailed analyzis because of its reactivity with most of investigated 

polymers. This reactivity probably comes from the remarkable catalytic activity of iron (III) in 

polymerization processes [40–44] and the capability to accelerate oxidation of different 

polymer species [45–50]. During the industrial production of FeCl3 it is important to keep a 

low pH level (< 2) of the final product. This is due to the fact that in aqueos solutions ferric 

chloride can react with hydroxide ions to form ferric-hydroxide (Fe(OH)3) which is insoluble 

in water. To prevent the formation of the ferric-hydroxide an excess of HCl is added to the 

ferric chloride industrial solutions [51,52]. This highly acidic environment is probably the 

reason why in so many polymer – ferric chloride systems precipitation and reactivity was 

observed.  

6.3.2 Distributions of the salts and water over the extract and raffinate 

phases 

In this section, the distributions of the species in the ATPS are investigated in more detail. In 

order to develop a separation process, it is essential that the distribution of water is 

significantly different from the distribution of salt, and ideally the difference in the 

distribution, defined as the selectivity, is as large as possible, to effectively separate water 

and salt [53]. 

The distribution of the individual species over the two aqueous phases is defined on mass 

basis as defined in Equation 6.1. 

�� =	 (��)	(��)
 	 , � = 1, 2, 3	�ℎv^v	1 = w���Zv^, 2 = �s�v^, 3 = �s��    6.1 
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The selectivity is defined in Equation 6.2. 

/ = 	 �XNKJM�RNdK     6.2 

Because in the systems here investigated, the distribution of water is higher than the 

distribution of salt, the selectivity in Equation 6.2 is defined towards water, and a second 

measure for the effectiveness of the separation is the yield, which is also expressed as the 

yield of water because this is preferentially extracted. The yield of water is defined in 

Equation 6.3. 

�So[U� =	 (,XNKJM)	(,XNKJM)�    6.3 

6.3.2.1 Effect of the initial salt concentration and S/F ratio on the 

distributions 

The polymers (9, 10, 19, 30, 39, 40, 41, 42, and 43) that were studied in more detail were 

mixed with aqueous sodium salt solutions in a S/F ratio of 1 (mass based) at temperature of 

298.15K, and the distributions of all species in the systems were determined as described in 

the experimental section.  

The distributions that were obtained for the polymer – water – NaCl systems are listed in 

Table 6.3. The calculated selectivities and yields displayed together with the distributions of 

water and NaCl as a function of the initial salt concentration are given in Figure 6.2. The 

results for the polymer – water – Na2SO4 systems listed in Table 6.4, and the calculated 

results are displayed in Figure 6.3. As can be seen in the Figures 6.2 and 6.3, the polymers 

can be divided in two groups, one group (polymers 9, 10, 19, 39, 40 and 42) that shows 

distributions of water and salt that both decrease with increasing salt concentration, and in 

the other group (polymers 30, 41 and 43), the distribution of water is rather constant (and 

lower than in the first group). The polymers that extract significant amounts of water at low 

initial salt concentrations, show significantly dropping distributions with increasing initial salt 

concentration. This effect can be explained as an osmotic effect. Due to the higher salt 

concentration, the osmotic pressure increases, which is reducing the activity of water in the 

raffinate phase and as a result the distribution decreases. Comparing the distributions of 

water and salt with each other (Figure 6.2a with 6.2b, Figure 6.3a with 6.3b) it can 

furthermore be concluded that the salt distribution is a (much) stronger function of the 
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initial salt concentration than the water distribution. Evidently, the polymers that are 

nonionic in nature are not a good solvent for salts, but the extracted water makes co-

extraction of salt possible. This translates into a selectivity that is (strongly) increasing with 

increasing initial salt concentration. The distribution of Na2SO4 is a much stronger function of 

the initial salt concentration than that of NaCl, which is in line with the Hofmeister series 

[32], that predicts a stronger salting out effect for sulfate than for chloride. This salting out 

effect is not only reducing the amount of salt that dissolves in the polymer rich phase, it is 

also clearly visible in the polymer distributions, which are strongly increasing with increasing 

initial salt concentration, i.e. the more salt in the experiment, the less the polymers dissolve 

in the polymer lean phase.  

 

Figure 6.2: Distributions of sodium chloride (a),  distributions of water in sodium chloride system 

(b), selectivity (eq. 3) of water over sodium chloride (c) and yield (eq. 2) of water (d) over the two 

phases for different polymers at 298.15K and a S/F ratio of 1 (mass based). Symbols: -����- PPG 425 

(9), -- PPG 1000 (10), -����- Dehypon® LS 54 (39),  -����- Dehypon® OCP 502 (43), -����- Dehypon®  

2574 (42), -����- Dehypon® LS 24 (41), -����- Dehypon® LS 45 (40), -����- Triton® X – 15 (30), -����- PEG – 

PPG – PEG L31 (19). Lines are to guide the eye  
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Table 6.3: Equilibrium compositions for LLE experiments using S/F = 1 at 298.15K and atmospheric 

pressure for NaCl 

polymer [NaCl]F [wt%] DW [(g/g) / (g/g)] DS [(g/g) / (g/g)] Dp [(g/g) / (g/g)] 
 

 

9 

 

< 5 Single phase 
5 0.4751 0.1669 1.889 
10 0.2292 0.0354 6.829 
15 0.1648 0.0033 25.99 
20 0.1356 0.0007 176.2 

 

 

10 

 

1 0.1340 a 0.1189a 9.187a 
5 0.0913 0.0197 42.06 
10 0.0763 0.0086 194.5 
15 0.0766 0.0035 211.6 
20 0.0866 0.0018 289.2 

19 

< 2 Single phase 
2 0.4566 0.1998 2.259 
5 0.2322 0.0948 9.305 
10 0.1482 0.0333 29.01 
15 0.1161 0.0147 103.2 
20 0.0918 0.0094 243.1 

30 

1 0.1112 0.0489 3232 
5 0.0783 0.0307 389.9 
10 0.0659 0.0486 265.7 
15 0.0629 0.0431 223.5 
20 0.0494 0.0333 111.3 

39 

< 5 Single phase 
5 0.4680 0.3493 14.68 
10 0.2145 0.0865 26.24 
15 0.1132 0.0199 49.99 
20 0.0758 0.0063 57.96 

40 

1 0.4612 0.2860 16.86 
3 0.2837 0.1496 27.12 
5 0.1802 0.0590 37.05 
10 0.0839 0.0076 52.85 
15 0.0635 0.0030 64.10 
20 0.0537 0.0022 95.58 

41 

1 0.0662 0.0076 31.00 
5 0.0502 0.0029 32.64 
15 0.0363 0.0012 58.25 
20 0.0320 0.0011 89.73 

42 

< 3 Single phase 

3 0.3067 0.1209 12.61 
5 0.2002 0.0649 31.21 
10 0.0940 0.0112 55.50 
15 0.0688 0.0043 84.18 
20 0.0560 0.0026 237.9 

43 

1 0.0216 0.0917 65.04 
5 0.0275 0.0062 87.98 
10 0.0242 0.0027 104.4 
15 0.0258 0.0014 137.6 
20 0.0277 0.0005 146.4 

ain this experiment, the polymer rich extract phase was the bottom phase  
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Table 6.4: Equilibrium compositions for LLE experiments using S/F = 1 at 298.15K and atmospheric 

pressure for Na2SO4 

polymer [Na2SO4]F [wt%] DW  [(g/g) / (g/g)] DS [(g/g) / (g/g)] Dp [(g/g) / (g/g)] 

9 

< 2 Single phase 
2 0.5311 0.0715 88.24 
2.43 0.5330 0.0607 35.82 
5.1 0.4585 0.0241 36.20 
10 0.3570 0.0043 219.1 
15 0.2768 0.0010 151.6 
20 0.2352 0.0003 474.8 

10 

1 0.1166a 0.1664a 10.1494a 
2.43 0.0979 0.0142 20.03 
5 0.0971 0.0006 59.27 
10 0.0911 0.0040 761.2 
15 0.0881 0.0038 4207 
20 0.0812 0.0013 9364 

19 
2.43 0.3761 0.0610 4.241 
5 0.2887 0.0190 18.84 

30 2.43 0.0802 0.0376 428.0 

39 

< 2 Single phase 
2 0.4200 0.1880 15.49 
2.43 0.4182 0.1560 18.70 
4 0.3538 0.0454 34.79 
5 0.3192 0.0339 41.22 
6 0.3011 0.0212 47.32 
8 0.2676 0.0114 65.74 
10 0.2464 0.0072 129.1 
15 0.2011 0.0027 272.4 
20 0.1668 0.0016 154.7 

40 

1 0.3877 0.1162 17.43 
2.43 0.2795 0.0370 24.85 
5 0.1944 0.0079 50.37 
10 0.1440 0.0026 92.55 
15 0.1224 0.0004 236.5 
20 0.1013 0.0003 4604 

41 

1 0.0750 0.1272 28.61 
2.43 0.0656 0.0047 24.37 
5 0.0614 0.0026 36.45 
10 0.0604 0.0023 64.68 
15 0.0567 0.0005 144.1 
20 0.0559 0.0010 120.6 

42 

1 0.4091 0.2603 15.92 
5 0.2097 0.0086 45.56 
10 0.1655 0.0033 182.5 
15 0.1299 0.0008 679.3 
20 0.1147 0.0002 453.9 

43 

1 0.0219 0.1806 69.90 
5 0.0263 0.0023 107.8 
10 0.0300 0.0009 158.4 
15 0.0304 0.0004 295.0 
20 0.0304 0.0003 136.9 

ain this experiment, the polymer rich extract phase was the bottom phase  
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Figure 6.3: Distributions of sodium sulfate (a),  distributions of water in sodium sulfate system (b), 

selectivity (eq. 3) of water over sodium sulfate (c) and yield (eq. 2) of water (d) over the two 

phases for different polymers at 298.15K and a S/F ratio of 1 (mass based). Symbols: -����- PPG 425 

(9), -- PPG 1000 (10), -����- Dehypon® LS 54 (39),  -����- Dehypon® OCP 502 (43), -����- Dehypon®  

2574 (42), -����- Dehypon® LS 24 (41), -����- Dehypon® LS 45 (40). Lines are to guide the eye 

Furthermore, considering the water and salt uptake by the polymers and the distribution of 

the polymers with respect to the molecular structure of the polymers, it is clear that the 

more hydrophilic structures (9, 39, 40, 42) nicely follow the here above described trends, 

and the hydrophilic to lipophilic balance (HLB) [54] is also determining the distribution of 

water, e.g. Dehypon® LS 54 (39) with 5 EO units, shows a much higher uptake of water than 

Dehypon® LS 24 (41) with only 2 EO units, but otherwise identical.  

For the more hydrophobic molecules, the distribution of water and salt are a much less 

strong function of the salt concentration in the polymer lean phase. In one particular case, 

effects were observed that are notably different compared to the other polymers. In the 
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case of 30 the uptake of water and salt by the polymer does not show strange behavior, but 

the distribution of the polymer over the phases shows opposite behavior as compared to all 

other polymers. The DP is actually very strongly reducing with increasing salt concentration, 

i.e. the solubility of the polymer in the polymer lean phase is increasing strongly upon 

addition of more salt, which is known as “salting-in” [55,56]. This behavior is likely caused 

due to the presence of the aromatic ring in the structure, making the molecule rather 

hydrophobic and in pure water poorly soluble. The formation of self-assemblies can, 

however, be strongly supported by cation – π interactions[57],  and in this case the 

interactions between the Na+-cations and the π –electrons in the aromatic ring of 30 are 

apparently strongly enhancing the solubility of this surfactant in the raffinate phase. 

In Figure 6.2d the water yield is plotted. Although the distribution of water never exceeds 

0.5, the yield goes up to over 80% for some polymers (39 and 40). This indicates that the 

polymer phase is gaining weight.  

For some of the polymers (10 and 30) biphasic formation is observed only with pure water, 

while for the others (9, 19, 39, 40, 41, 42, 43), there is a minimum salt required. 

For an initial sodium chloride concentration of 1wt% there is no phase separation of 9, 19 

and 39 under the investigated conditions. For polymer 19 phase separation occurs at 

[NaCl]initial = 2wt% and for 9 and 39 at [NaCl]initial = 5wt% and these two polymers cannot be 

used for the desalination of sea water as biphasic formation occurs only above the sea salt 

concentration. The distribution of salt for 41 is very low and decreasing with initial salt 

concentration, down to a value of 0.0011 for [NaCl]initial = 20wt%. For polymer 30 the 

distribution of sodium chloride is almost constant over the complete range of initial sodium 

chloride concentration and it is around 0.04. For all other polymers it is observed that the 

distribution of sodium chloride is decreasing with increasing salt concentration in the feed. 

For the highest investigated concentration [NaCl]initial = 20wt%, all polymers have a very low 

distribution of sodium chloride.  

For an initial sodium sulfate concentration of 1wt% there is no phase separation of 9 and 39 

under investigated conditions. For the polymers 9 and 39 phase separation occurs at 

[Na2SO4]initial = 2wt%. The distribution of sodium sulfate for all investigated polymers is very 

low and decreasing with initial salt concentration. Observed difference in distributions of 

investigated salts is in line with the Hofmeister series[32]. 
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For the polymer that was studied in more detail for the effect of solvent amount, the 

polymer was mixed with aqueous sodium chloride solutions in a S/F ratio of 0.25, 0.50 and 1 

(mass based) at temperature of 298.15K, and the distributions of all species in the systems 

were determined as described in the experimental section. 

 

Figure 6.4: Distributions of sodium chloride and water over the two phases for Dehypon® LS 54 (39) 

at different solvent to feed ratios (mass based) and temperature of 298.15 K. Symbols: -����- NaCl at 

S/F = 0.25, -- H2O at S/F = 0.25, -����- NaCl at S/F = 0.50,  -����- H2O at S/F = 0.50, -����- NaCl at S/F = 1, 

-����- H2O at S/F = 1 

In Figure 6.4, the distributions of sodium chloride and water over the phases are displayed, 

as calculated using Equation 6.1 for the polymer Dehypon® LS 54 and three different solvent 

to feed ratios 0.25, 0.50 and 1 (mass based) at temperature of 298.15 K. Distributions  of 

both sodium chloride and water are higher at lower solvent to feed ratio. For different 

solvent to feed ratios distributions of sodium chloride and water are not significantly 

different under investigated conditions. At S/F of 1 more water is extracted to the top phase 

compared to S/F ration of 0.50 and 0.25. This effect is observed for all initial salt feed 

concentrations. Changing the S/F does not give a significant effect.  

The complete results of the S/F influence experiments and distributions for polymer, water 

and salt calculated with Equation 6.1 are presented in Table 6.5. 
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Table 6.5: Liquid – liquid equilibrium of Dehypon® LS 54 (39) – NaCl at S/F = 0.25 and 0.50 (mass 

based) and T = 298.15K and atmospheric pressure 

S/F [NaCl]F [wt%] DW [(g/g) / (g/g)] DS [(g/g) / (g/g)] Dp [(g/g) / (g/g)] 

0.25 

5 0.62 0.47 55.34 
10 0.25 0.12 110.6 
15 0.12 0.03 184.6 
20 0.07 0.0078 143.6 

0.50 

5 0.55 0.40 35.11 
10 0.25 0.10 65.53 
15 0.12 0.024 81.56 
20 0.08 0.0078 130.7 

6.3.2.2 Possible concentration of the salt solutions after removal of the 

polyethers 

The distributions as displayed in Figures 6.2 and 6.3 clearly show how the different polymers 

behave with the two sodium salts, and it appears that some of investigated polymers can be 

used to concentrate both salts in the raffinate phase, because water is preferentially 

extracted to the polymer rich phase. From the phase compositions, it is possible to calculate 

the salt concentrations that could be obtained when the polymer is removed completely 

from both phases (msalt / (msalt + mwater)). The concentrations of the resulting polymer free 

aqueous salt solutions of the raffinate phases are displayed in Figure 6.5a for NaCl, and in 

Figure 6.5b for Na2SO4. 

 

Figure 6.5: Obtainable concentrations of sodium chloride (a) and sodium sulfate (b) in raffinate 

phase after removal of polymer. T = 298.15K and a S/F ratio of 1 (mass based). Symbols: -����- PPG 

425 (9), -- PPG 1000 (10), -����- Dehypon® LS 54 (39),  -����- Dehypon® OCP 502 (43), -����- Dehypon®  

2574 (42), -����- Dehypon® LS 24 (41),  -����- Dehypon® LS 45 (40). Lines are to guide the eye 
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In Figure 6.5 it can be seen whether the concentration of the salt occurs in the raffinate 

phase (results are above the diagonal y = x) or in the extract phase (results are below the 

diagonal y = x). Figure 6.5 (a) clearly shows that the concentration of sodium chloride occurs 

in the bottom phase for all investigated polymers over the full [salt]feed range, if all polymer is 

removed from the solution. Under the selected conditions, the concentration factor is not 

very high, typically 1.1 Figure 6.5 (b) shows that the concentration of sodium sulfate is also 

in the bottom phase for all investigated polymers, and it can be seen that the concentration 

factors for sodium sulfate are significantly higher than 1.25 and it is preferable to have high 

values to obtain satisfactory concentration. For sodium sulfate in a single stage extraction 

considerable high concentration factors were observed (9 1.25 – 5.0, 10 1 – 1.38, 39 1.15 – 

1.5, 43 1.025 – 1.20, 42 1.11 – 1.52, 41 1.05, 40 1.099 – 1.64)  

Polymers 39, 40, and 41 showed interesting results for the salt concentration, and because 

they have a rather low viscosity which is beneficial for process design and a wide operation 

range of the initial salt concentration, for these three polymers the effect of temperature on 

the extraction behavior was investigated. 

6.3.2.3 Temperature effect on the distribution  

The influence of temperature on the ATPS was investigated for the Dehypon® LS  group of 

polymers (39, 40, and 41) by mixing them with aqueous sodium salt solutions in a S/F ratio of 

1 (mass based) at temperature of 313.15K, and the distributions of all species in the systems 

were determined as described in the experimental section. 

In Tables 6.6 and 6.7 the distributions of polymer, water and sodium chloride are displayed 

as calculated using Equation 6.1 for the system of sodium salts and Dehypon LS group of 

polymers at 313.15 K and a S/F ratio of 1 (mass based).  

From the Tables 6.6 and 6.7 it becomes clear that with an increase of temperature the 

polymers 39, 40 and 41 become less hydrophilic (see for example the systems at 298.15K  in 

Tables 6.3 and 6.4). Distributions of water and salt are lower at a higher temperature, which 

means that the recovery of the water in the polymer phase is a promising technology. 
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Figure 6.6: Distributions over the two phases of sodium chloride (a) and sodium sulfate (b) for 

Dehypon® LS 54 (39), sodium chloride (c) and sodium sulfate (d) for Dehypon® LS 45 (40) and 

sodium chloride (e) and sodium sulfate (f) for Dehypon® LS 24 (41) at different temperatures and a 

S/F ratio of 1 (mass based). Symbols: -����- H2O at 298.15 K, -- Salt at 298.15 K, -����- H2O at 313.15 

K, -����- Salt at 313.15 K 
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Table 6.6: Equilibrium compositions for LLE experiments using S/F = 1 at 313.15 K for NaCl 

polymer [NaCl]F [wt%] DW [(g/g) / (g/g)] DS [(g/g) / (g/g)] Dp [(g/g) / (g/g)] 

39 

1 0.1773 0.0752 42.41 
5 0.1100 0.0178 49.99 
10 0.0739 0.0058 33.29 
15 0.0682 0.0032 73.19 
20 0.0528 0.0024 80.32 

40 

1 0.0836 0.0140 45.65 
5 0.0714 0.0029 57.12 
10 0.0635 0.0019 78.76 
15 0.0507 0.0013 105.5 
20 0.0503 0.0011 125.9 

41 

1 0.0304 0.0038 58.23 
5 0.0381 0.0014 66.60 
10 0.0310 0.0009 99.23 
15 0.0256 0.0008 168.5 
20 0.0289 0.0007 219.1 

 

Table 6.7: Equilibrium compositions for LLE experiments using S/F = 1 at 313.15 K for Na2SO4 

polymer [Na2SO4]F [wt%] DW [(g/g) / (g/g)] DS [(g/g) / (g/g)] Dp [(g/g) / (g/g)] 

39 

1 0.2463 0.0359 34.29 
5 0.1593 0.0040 50.96 
10 0.1248 0.0020 118.8 
15 0.1087 0.0007 467.8 
20 0.0944 0.0011 265.5 

40 

1 0.0855 0.0017 49.40 
5 0.0719 0.0047 64.13 
10 0.0752 0.0024 133.4 
15 0.0643 0.0004 159.5 
20 0.0855 0.0017 49.39 

41 

1 0.0392 0.0060 50.50 
5 0.0437 0.0040 69.66 
10 0.0423 0.0017 117.7 
15 0.0382 0.0002 309.2 
20 0.0392 0.0060 50.50 

 

In Figure 6.6, the distributions of sodium chloride  and water and as well as sodium sulfate 

and water over the phases are displayed, as calculated using Equations 6.1 for different 

polymers Dehypon® LS 54, Dehypon® LS 45 and Dehypon® LS 24 at two different 

temperatures 298.15 K and 313.15 K and a S/F ratio of 1 (mass based). From Figure 6.6 it is 

clear that more water is absorbed in sodium sulfate systems compared to sodium chloride 

system for LS 45 and LS 54, while the amount of the water extracted by LS 24 is much lower 
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and almost the same for both sodium salts. This shows that a polymer with a high amount of 

EO groups capable to extract more water, which is logical since the EO group is known to be 

more hydrophilic than the PO [58,59]. Distribution of both sodium chloride and water are 

higher at lower temperature. The temperature increase for Dehypon® LS 24 does not have 

influence on salt distribution, as it is already low at 298.15 K. Distribution of both sodium 

chloride and water are higher at lower temperature. Temperature increase for Dehypon® LS 

24 and Dehypon® LS 45 does not have influence on salt distribution, as it is already low at 

298.15 K. 

6.3.2.4 Thermally induced phase splitting for polymer recovery 

The recoverability of the polymers by thermally induced phase splitting was investigated for 

the three polymers 39, 40, and 41. Experiments were conducted with the polymer rich 

extract phase that was isolated from liquid – liquid equilibrium experiments with aqueous 

NaCl-solutions as described in the experimental procedure. After heating up the 

homogeneous ternary mixtures containing water, polymer and NaCl to 323.15 K, phase 

splitting was observed in all experiments. Both phases were analyzed (see Table 6.8) and it 

was found that the top layer was rich in polymer and almost free from salt and water. The 

bottom phase still contained 2% of initial amount of the polymer 39, 1.5% of the initial 

amount of the polymer 40 and 1% of the initial amount of the polymer 41. For the complete 

polymer recovery multistage extraction could be applied or maybe the membrane filtration 

is required or both.  

Table 6.8: Compositions in thermally induced phase splitting experiments 

Polymer Xwt, init (298.15 K) Xwt, top (323.15 K) Xwt, bottom (323.15 K) 

 Xpolymer, 

init 

[g/g] 

Xwater, 

init 

[g/g] 

Xsalt, 

init 

[g/g] 

Xpolymer, 

top 

[g/g] 

Xwater,  

top 

[g/g] 

Xsalt,  

top 

[g/g] 

Xpolymer, 

bottom 

[g/g] 

Xwater, 

bottom 

[g/g] 

Xsalt, 

bottom 

[g/g] 

39 0.50 0.45 0.05 0.91210 0.08750 0.00040 0.02921 0.92149 0.04930 

40 0.50 0.45 0.05 0.94189 0.05800 0.00011 0.07076 0.90526 0.02398 

41  0.50 0.45 0.05 0.96053 0.03947 0.00001 0.25801 0.73843 0.00356 
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6.4 Conclusions 

A large number of polymers were screened on the ability to form two phase systems with 

the salts NaCl, Na2SO4, and FeCl3. It was found that polymer classes of vinyl, acrylic, and 

amines as well hyperbranched polymers and surfactants did not work out very well due to 

single phase formation, or reaction, while in the case of polyethers, for all three salts a 

biphasic behavior was observed. It was found that ferric chloride salt is too reactive to be 

treated in the extraction process by polymers without adding additional HCl to the systems 

for FeCl3 stabilization. The polyether based polymers PPG 425, PPG 1000, Dehypon® LS – 54, 

Dehypon® LS – 45, Dehypon® LS – 24, Dehypon® OCP 502, Dehypon® 2574, Triton® X – 15 

and PEG – PPG – PEG L31  have been selected for more detailed analysis of the aqueous 

biphasic systems formed with the sodium salts and water. The distributions of all species 

over extract and raffinate phase was investigated. The distribution of sodium chloride was 

found to be higher than that of sodium sulfate for all investigated polymers. The distribution 

of water in sodium chloride systems is lower as compared to that in sodium sulfate systems 

for all examined polymers. From the liquid – liquid extraction experiments it was observed 

that the aqueous salt solutions resulting from hypothetical complete polymer removal are 

more concentrated in the raffinate phase than in the extract phase under investigated 

conditions. For polymers  Dehypon® LS – 54, Dehypon® LS – 45 and Dehypon® LS – 24 the 

influence of temperature was investigated and decreasing distributions of salt and water for 

both sodium salts were found with increasing temperature. The effect of solvent to feed 

ratio was investigated for Dehypon® LS 54 and sodium chloride, and higher distributions of 

water and salt were observed with lower S/F ratios. Also with lower S/F ratios, lower yields 

of water were reported for the whole range of initial salt concentration, which means that 

with the higher S/F ratio more water is extracted to the top phase. Recovery of Dehypon® LS 

54, Dehypon® LS 45 and Dehypon® LS 24 from equilibrated systems at 298.15 K was 

investigated by increasing the temperature by 25 K. For all three polymers, phase splitting 

was thermally induced, and the polymer rich top phase was found to contain only small 

amounts of water and salt, while only small amounts of polymer were found in the heavier 

polymer lean phase.  
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6.5 Nomenclature  

Symbols and abbreviations 

ATPS   aqueous two phase systems 

D   distribution  [(g g-1) / (g g-1)] 

EO   ethylene oxide (monomeric unit in PEG and block copolyethers) 

FeCl3   ferric chloride 

HLB   hydrophilic-lipophilic balance 

IPS   induced phase separation 

K   Kelvin 

LLE   liquid – liquid extraction 

m   mass   [g] 

mL   milliliter 

NaCl   sodium chloride 

Na2SO4   sodium sulfate 

n.a.    not applicable 

PO   propylene oxide (monomeric unit in PPG and block copolyethers) 

PAA   poly acrylic acid 

PVP   polyvinylpyrrolidone 

PEG   poly ethylene glycol 

PPG   poly propylene glycol 

rpm   rounds per minute 

S   selectivity  [ - ] 

S/F   solvent to feed 

[]   concentration 

Y   yield 

x   fraction 

Superscripts 

polymer removed if the bottom phase is free from polymer 

Subscripts 

aq   aqueous 

bottom  bottom of the two aqueous phases, the polymer lean raffinate phase 
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E   extract 

F   feed 

feed   initial salt concentration 

P   polymer 

R   raffinate 

S   salt 

top   upper of the two aqueous phases, the polymer rich extract phase 

W   water 

wt   weight 
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7. Liquid – liquid phase equilibria for ternary systems 

of several polyethers with NaCl and H2O  

 

The content of this Chapter has been published as: 

M. Milosevic, K.J.J. Staal, B. Schuur, A.B. de Haan, Liquid – liquid phase equilibria for ternary systems 

of several polyethers with NaCl and H2O, Fluid Phase Equilib. (2013) in press. 

 

 

Abstract 

Liquid – liquid extraction using polymers followed by induced phase separation is a potential 

energy reducing technology for water – salt separation. Ternary equilibrium experimental 

data have been determined and reported for the (block co)poly ethers – sodium chloride – 

water systems at two different temperatures at 298.15 K and 313.15 K and atmospheric 

pressure. Experimentally determined equilibria at each temperature have been correlated 

with empirical equations and the regressed parameters are presented. The obtained binary 

interaction parameters to describe the ternary liquid – liquid systems at different 

temperatures by the NRTL model are presented. Model predictions are in good agreement 

with the experimental data.  
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7.1 Introduction 

In many different industrial fields such as the production of chemicals, the desalination of 

sea water, and the produced water treatment in the oil and gas industry (e.g. in enhanced oil 

recovery and in fracking operations), the separation of water from aqueous salt solutions is a 

highly energy consuming process. For various industrial processes, a wide range of feed 

concentrations enter the separation processes, while also the requirements with respect to 

the final product range from high purity salt to high purity water have to be obeyed. In most 

of the fields, the technologies used to concentrate salt solutions are water evaporation 

based processes [1-3]. Alternatively, reverse osmosis is used in a range of applications [4].  

Liquid – liquid extraction (LLX) might be an alternative technology for water – salt separation 

[5,6], that can potentially save energy. The use of polymers in a LLX process to remove water 

from salt solutions has recently been reported by our team [7]. It was shown that low 

density (block co)polyethers gave the most interesting results. Many data have been 

published in literature on various polymer – water – salt ternary systems that form aqueous 

two phase systems (ATPS) [8]. Also several publications deal with the mechanism behind the 

phase splitting [9-15]. The use of polymers in extractive salt concentrations is specifically 

interesting if the ATPS is temperature responsive, i.e. the miscibility gap between the two 

aqueous phases changes with changing temperature. By increasing the miscibility gap, a 

phase separation may be induced. In a polymer based extraction process followed by 

induced phase separation (IPS) for recovery, the polymer is added to an aqueous salt 

solution, thereby forming an ATPS containing a polymer rich extract phase, and a polymer 

lean raffinate phase. After extraction, the phases are allowed to settle and are collected 

separately. The separated extract and raffinate phases are then subjected to a temperature 

swing to induce phase separation in order to recover the polymer without evaporation of 

water. Such extraction followed by induced phase separation processes (LLX + IPS process) 

may be very economic due to the use of inexpensive polymers that are available on bulk 

scale, and by avoiding the evaporation of water. Figure 7.1 displays a process concept for the 

proposed LLX + IPS process. 

To estimate the possible economic benefits for novel processes based on this technology, 

there is a need for a conceptual process design. Basis for such a study are the experimental 
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data on ATPS and a thermodynamic model describing the phase behavior. In order to 

evaluate the applicability of a series of different (block co)poly ethers, phase equilibria are is 

investigated for the aqueous biphasic systems that were formed in polymer – water – NaCl 

systems over wide ranges of initial NaCl concentrations and at varying temperature. The 

experimentally determined phase behavior for eight different polymers (Table 7.1) and the 

correlation with several empirical and semi-empirical thermodynamic correlations is 

described in this Chapter. 

 

Figure 7.1: Process concept for concentration of aqueous salt solutions through liquid – liquid 

extraction with polymers followed by thermally induced phase separation  

Table 7.1: Polymers that were studied and some selected properties 

Number Polymer Structure 

 

Molecular 

weight 

(Da) 

Viscosity 

[cP] 

at 294 K 

1 PPG 425 H[OCH(CH3)CH2]7-8OH 425 80 

2 PPG 1000 H[OCH(CH3)CH2]17OH 1000 150 

3 Pluronic® PEG–PPG–
PEG L31 (10 wt% PEG) 

H(EO)x(PO)y(EO)zOH 1000 – 1100 175 

4 Dehypon® LS – 54 (C12-14alcoholate-(EO)5-(PO)4) 638 47 

5 Dehypon® LS – 45 (C12-14alcoholate-(EO)4-(PO)5) 652 44 

6 Dehypon® LS – 24  (C12-14alcoholate-(EO)2-(PO)4) 506 34 

7 Dehypon® 2574 (fatty alcohol alkoxylate mixture) n.a. 67 

8 Dehypon® OCP 502 (oleyl cetyl alcohol propylene 
glycol ether) 

n.a. 27 
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7.2 Experimental section 

7.2.1 Chemicals 

The following chemicals were purchased from Sigma Aldrich: nitric acid, sodium chloride 

(reagent grade, >99%), polypropylene glycol (425, 1000) and Pluronic® PEG-PPG-PEG L31. 

Dehypon®’s were kindly provided by Cognis – BASF. The water used was milli Q from 

MILLIPAK ® Express 20 Millipore (0.22 μm). All polymers in this study are in the liquid state at 

room temperature and were used as supplied. 

7.2.2 Experimental procedures 

7.2.2.1 Liquid – liquid equilibrium experiments 

Equilibrium liquid – liquid extraction measurements were done with the polymers listed in 

Table 7.1 by mixing the polymers in S/F = 1 (mass based) for 2 hours (equilibrium was 

reached within 1 hour) with aqueous salt solutions (1 wt % < [NaCl]initial < 20 wt %) in 80 mL 

jacketed glass vessels that were temperature controlled by a water bath (298.15 < T < 

313.15) and stirred magnetically (> 500 rpm).  After 2 hours the stirring was stopped, and the 

mixtures were allowed to settle for 12 hours. The phases were separated carefully and 

weighed separately. Aliquots of 2mL were taken from both phases for analysis by Karl 

Fischer Titration to determine the water content and by atomic absorption spectrometry for 

the salt content. The polymer content in both phases was calculated by difference in mass 

balance.  

7.2.3 Analytical techniques 

The collected phases were weighed using a Mettler Toledo AX205 balance (d = 0.01). Karl 

Fischer Titrations were done using a 759 KFT Titrino Metrohm, standard deviation +/–0.5%. 

Atomic absorption spectrometry was done using a Varian SpectrAA 110 spectrometer 

(standard deviation < 2%). Samples of 1 g were diluted into 500 mL water using a volumetric 

flask, and from that flask 5 mL was injected into the apparatus to determine the sodium 

content (mg Na+/L) from which the salt concentration in g/L in the original sample was 

calculated. 
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7.3 Theory 

The most commonly used models for correlating equilibrium compositions in aqueous 

polymer systems are the NRTL (non-random two liquid) model [16],  and a variety of purely 

empirical relations such as the Merchuk equation [17,18]. These models were applied to 

describe the polymer – water – NaCl systems that were investigated in this work. In this 

section, the models are introduced.  

7.3.1 Empirical equations 

Binodal curves were constructed using the Merchuk equation [17,18] based on the tie-line 

gravimetric method (Equation 7.1) and two other reported empirical equations [19-21]. 

These three Equations (7.1, 7.2 and 7.3) have been reported for the correlation of binodal 

data of polymer-based, IL-based and hydrophilic alcohol-based biphasic systems [22-26]. 

�� = s	 ∙ exp(��#�.� 	− 	��#;)    7.1 

�� = s + ��#�.� +	��# +	��##      7.2 

�� 	= 	 exp(s	 +	��#�.� +	��# +	��##)    7.3 

In the Equations 7.1, 7.2, and 7.3, w1 is mass fraction of polymer, w2 mass fraction of salt and 

a, b, c and d are fitting parameters. 

Next to the empirical relations that have been reported in literature, here one more 

empirical equation based on the tie-line gravimetric method is proposed to describe binodal 

data 

�� = s	 ∙ exp(� ∙ �#	) + �	 ∙ exp(� ∙ �#	)    7.4 

7.3.2 The NRTL model  

The NRTL model was originally developed for molecular species [16], and it has been used to 

describe many different systems containing electrolytes including polymer ATPS and systems 

containing ionic liquids [27-35]. This is a semi-empirical equation where the local 

composition contribution to the system Gibbs free energy is the physical foundation for the 

model. The molecular interactions are described by the local composition parameters A, B 

and α, which in practice are empirically found using experimental data. The equilibrium 

activities of all compounds (polymer = 1, water = 2, NaCl = 3) should be equal in both phases, 

the activity coefficients are described in the NRTL model according to Equations 7.5 and 7.6. 
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ln(��) = ∑ �u�u�)u��u��∑ )�������� + ∑ �u)�u∑ )�u������
*r�� 0q�r − ∑ �3�3u)3u�3��∑ )�u������ 4     7.5 

$�r = v�wx−y�rq�rz, q�r = ��r +	��u� ,  q�� = 0, $�� = 1 and  y�r = yr�     7.6 

7.3.3 Modeling procedures 

For the thermodynamic modeling of the experimental data the Aspen Plus Data Regression 

tool was applied for regressing the NRTL model, while the empirical relations were regressed 

using Matlab software. The objective function used in Aspen Plus was the maximum 

likelihood method. The root square error (r2) and relative root-mean-square deviation 

(rRMSD) for composition of each species in aqueous and organic phase was calculated. The 

r2 and rRMSD are defined as: 

^# = 1 −	 ∑ ���J`ab��cNd���
∑ ���,NefJ`a b��cNd���      7.7 

^�g/� = h∑ ∑ ∑ i`�J`aj`�cNd
`�J`a k3

�
d�

lm     7.8 

where k presents the number of data points and ��U�� experimental data of component i and 

��noF  calculated data of component i by NRTL model and ��,op�U��  the average value of all 

experimental data of component i. 

7.4 Results and discussion 

7.4.1 Liquid – liquid equilibrium data 

Liquid – liquid equilibrium data for the polymer –water – NaCl systems that was obtained by 

mixing aqueous salt solutions with polymer in the ratio S/F = 1 (mass based) at 298.15 K are 

presented in Figure 7.2. 
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Figure 7.2: Liquid – liquid equilibria in mass fractions for the polymer – water – NaCl systems with 

polymers 1(a), 2(b), 3(c) , 4(d), 5(e), 6(f), 7(g), 8(h) at 298.15 K. Symbols: (����, --) experimental  
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From the graphs presented in Figure 7.2, it becomes clear that all eight polymers do form 

aqueous two phase systems with aqueous NaCl solutions at 298K, although for some of the 

polymers (1 – [5wt%], 3 – [2wt%], 4 – [5wt%], 7 – [3wt%]) there is a minimum amount of salt 

needed to create ATPS. In the ATPS there is a polymer rich phase that is connected through a 

tie-line with a polymer lean  phase. It is generally observed that the higher the salt 

concentration is, the lower the polymer concentration in that phase. This can be explained 

by the salting out effect [22,36]. It can furthermore be observed that the solubility of the 

polymers in the polymer lean phase is greatly depending on the nature and size of the 

polymer. 

From the comparison of the polymers 1 and 2 (both PPGs, but differing in molar mass) it can 

be seen that the larger the polymer, the larger the immiscibility gap. Polymer 1 (PPG 425)is 

fully miscible with pure water, and the miscibility gap at room temperature is only observed 

when mixing with NaCl solutions containing more than 5 wt% NaCl. Polymer 2 (PPG 1000) 

forms an ATPS with water at room temperature also in absence of any NaCl. The 

solubilization of PPG polymers in aqueous solutions requires hydration, and the larger the 

polymers, the more water molecules are required, which is entropically unfavorable. 

Similarly, the amount of water in the polymer rich phase depends on the size of the PPG 

molecules. In case of larger PPG polymers there are less degrees of freedom to solubilize 

small molecules like water, and hence less water is transferred to this phase than for the 

smaller PPG polymers. This trend of lower Mw PPG polymers extracting more water than 

higher Mw PPG has also been reported for other polyether – water – salt systems [15,37-39].  

Polymer 3 is a block copolymer of ethylene oxide and propylene oxide with the same size as 

polymer 2. Comparing the binodal curves of these two polymers, it can be seen that the 

miscibility gap is smaller for polymer 3 than for polymer 2, which is a logical result of the 

ethylene oxide (EO) units being more hydrophilic than the PO units [40]. Block copolymers 

with higher EO/PO ratio are more hydrophilic and extract more water that copolymers with 

lower EO/PO ratio.  

The polymers 4 – 8 are ethoxylated/propoxylated fatty alcohols, which means that there is a 

C12-C14 hydrocarbon part in the molecules, which results in clear amphiphilic character of 

these molecules, and these molecules, being true surfactants in nature, show a very 

interesting liquid – liquid phase behavior. Whereas the solubility of these molecules in the 
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polymer lean phase is low, especially in comparison with the smaller of the two PPG’s (1) 

and the PEO-PPO-PEO block copolymer 3, the amount of water in the polymer rich phase is 

strongly dependent on the EO/PO part of the molecules, and can be rather high, especially 

for 4, having a molecular structure that contains five EO units (34% of the total molar mass is 

EO). The lower the EO fraction in the molecules, the lower the uptake of water in the 

polymer rich phase, and for 8, a molecule containing only a hydrocarbon part and PO units, 

the uptake of water by the polymer rich phase is very little.   

For water – salt separation purposes, the behavior of the molecules 4, 5, and 6 in that order 

is most interesting, because rather low amounts of polymer are lost to the raffinate phase, 

while reasonable amounts of water are transferred to the polymer rich phase. As suggested 

previously [7], recovery of the polymers may be done by a temperature swing, and 

therefore, it was decided to study these three molecules also at elevated temperature 

(313.15K).   

Liquid – liquid equilibrium data for polymer –water – NaCl systems at 313.15 K is presented 

in Figure 7.3. From the comparison of the data presented in Figure 7.3 with the data in 

Figure 7.2 d,e, and f, it can be observed that the temperature clearly influences the phase 

behavior of these systems. At the higher temperature, the biphasic region starts at lower salt 

concentrations. Less polymer dissolves in the polymer lean phase, and less water is 

extracted into the polymer phase. Because the structures of polymers 4, 5 and 6 are truly 

amphiphilic, the phase behavior can be explained in typical surfactant terminology. If a 

homogeneous solution of e.g. 4 is observed just below the phase splitting concentration, it 

can fairly safe be assumed that the amphiphiles in the aqueous solution are present in self-

assembled aggregates that consist of a hydrophobic interior with a hydrophilic corona. 

Responsible for the formation of self-assemblies are hydrophobic interactions, which at the 

length scale of micelles (typically about a nm in size) are entropic of nature [41-43]. When 

the temperature of the system is increased, the entropy of the whole system is increasing, 

and it becomes more difficult to sustain the micellar “pseudo-phase”, leading to phase 

separation, which is observed at the cloud point [10,41-45]. Similarly, at experiments with 

polymer fractions that were already above the phase split level at 298.15 K, the uptake of 

water by the polymer rich phase is affected by the temperature due to entropic effects, 

which is visible in Figure 7.3, where less water is absorbed for polymers 4, 5 and 6 at a 
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temperature of 313.15 K as compared to the comparable experiments at a temperature of 

298.15 K in Figure 7.2. 

 

Figure 7.3: Liquid – liquid Equilibria in mass fractions for Polymer – Water – NaCl systems, 

polymers 4(a) , 5(b), 6(c) at 313.15 K. Symbols: (����, --) experimental  

7.4.2 Thermodynamic modeling 

7.4.2.1 Empirical models for binodal curves 

The binodal curves have been fitted to the experimental biphasic systems data using 

Equations 7.1 – 7.4. The model parameters with the correlation coefficient are presented in 

Table 7.2.  

Based on the correlation coefficients reported in Table 7.2 it can be observed that Equations 

7.1, 7.3 and 7.4 can describe good experimental binodal data for all investigated polymers, 

while the Equation 7.2 fit very well the experimental data only for the polymer 1. This good 

fit by Equation 7.2 for polymer 1 is in line with the literature reported fitting of the fully 



 

139 
 

water soluble components at room temperature [20,21,46]. In Figure 7.4 for the systems 

where the salt amount in the top polymer rich phase is not very high and immiscibility region 

is wide-ranging, Equation 7.2 does not give a good fit. 

 

Table 7.2: The model parameters for ternary Polymer –  Water – NaCl  systems at 298.15 K and 

atmospheric pressure 

Equation Polymer a b c d R
2
 

7.1 1 0.9592   -4.134   581.3   - 0.9903 
 2 1.19   -12.65   202300 - 0.9437 
 3 1.643   -11.92   -66.43   - 0.9757 
 4 1.01 -2.142 35650 - 0.9981 
 5 1.072   -5.556   779100 - 0.9784 
 6 1.332   -26.96   -630.3   - 0.9898 
 7 1.098 -5.612   36320 - 0.9978 
 8 0.9769   0.131   5033000 - 1 
7.2 1 0.9372   -2.918   0.5539   6.737   0.9951 
 2 1.15   -11.88   31.13   -51.24   0.9442 
 3 1.367   -10.69   23.6   -32.18   0.9758 
 4 1.143 -4.542 1.563 15.1 0.9813 
 5 1.23   -11.38   27.8   -42.4   0.9395 
 6 1.095   -12.79   36.4   -66.7   0.972 
 7 1.197   -8.807   17.58   -19.12   0.9893 

 8 1.055   -11.91   32.94   -58.32   0.9499 

7.3 1 -0.09851   -1.408 -16.47   10.07   0.9978 
 2 -0.2422   18.99   -449.9   1837 0.9989 
 3 -0.1526   23.03   -505.2   -6717   0.9967 
 4 -0.08177 1.123 -24.41 -416.4 0.9992 
 5 -0.009442   -1.554   -18.7   -9685   0.9754 
 6 -0.2628   24.13   -568.3   2351 0.9999 
 7 -0.08571 3.906   -106.2   339.3   0.9988 
 8 -0.09963   21.6   -656.2   2842 0.9997 

7.4 1 0.213   -101.3   0.6806   -16.43   0.9983 
 2 0.8599   -39.31   5.376∙10-12 100.4   0.8494 
 3 0.9142   -92.87   0.1719   -13.2   0.9790 
 4 7.039 -57.98 -6.088 -65.17 0.9986 
 5 -0.6653   -70.03   1.687   -92.48   0.9600 
 6 0.002798   0.8733   0.9972   -308.3   0.9979 
 7 -0.6783   -63.11   1.677   -66.12   0.9983 
 8 -2.828   -156.1   3.833 -170.6   0.9858 
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Figure 7.4: Liquid – liquid Equilibria and model calculations  for Polymer  – Water – NaCl at 298.15 

K for empirical equations, Symbols: (����,����������������) experimental,(--) Equation 7.1, (����������������) Equation 7.2, (—) 

Equation 7.3, (‒ ���� ‒) Equation 7.4. 
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7.4.2.2 Modeling the ATPS systems with the NRTL model 

Although the empirical models have been found to be able to describe the experimental 

data well for all of the polymers, and the fitting of the models is easier than fitting activity 

coefficient models like NRTL, the intrinsic drawback of these type of models is that there is 

no temperature dependency, requiring that the models are correlated for each temperature 

individually.   

The NRTL model was used to describe ternary systems of the three Dehypon® LS type of 

polymers with water and NaCl at two different temperatures with a single set of parameters. 

The results of the experimental phase equilibrium data and the calculated data together 

with the calculated accuracy using Equations 7.7 and 7.8 are given in Table 7.3, 7.4 and 7.5. 

The obtained binary interaction parameters of the NRTL model are presented in Table 7.6. In 

Figure 7.5 the ternary experimental data are plotted with the calculated data. 

Figure 7.5 shows the effect of temperature in the equilibrium of the system Polymer – water 

– NaCl for the three polymers investigated (4, 5 and 6). From Figure 7.5 and Table 7.3, 7.4 

and 7.5 it is observed that at the temperature of 298.15 K (left side of the figure) equilibrium 

is reached with significant water and salt present in the polymer rich phase, compared to the 

higher temperature of 313.15 K (right side of the figure) where less water and salt is present 

in the top phase. Binary interaction parameters of the NRTL model were found by fitting the 

experimental data at two different temperatures for each investigated system. Figure 7.5 

shows good agreement between the experimental data and the fitted parameters at both 

temperatures of 298.15 K (left side of the figure) and 313.15 K (right side of the figure) for all 

three systems. It can be concluded from Figure 7.5 and the Table 7.3, 7.4 and 7.5 that for all 

three polymers the NRTL model is able to predict the temperature responsive ATPS 

behavior. 
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Figure 7.5: Ternary diagram in mass fractions of experimental and calculated values for Polymer  – 

Water – NaCl at S/F = 1 (mass based), temperature of (left) 298.15 K for 4(a.), 5(c.) and 6(e.)  and 

(right) 313.15 K for 4(b.), 5(d.) and 6(f.) and atmospheric pressure. Symbols (����, ‒‒) experimental 

data, (����, —) calculated data 
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Table 7.3: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at 298.15K and 313.15 K and atmospheric pressure for NaCl with r
2
 and rRMSD accuracy 

Dehypon

® LS 54 

xNaCl, initial 

 

298. 15 K  Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 < 0.05 Single phase 
 0.05 0.5567 0.5809 0.4230 0.3983 0.0203 0.0207 
 0.10 0.8055 0.7459 0.1854 0.2443 0.0091 0.0098 
 0.15 0.9038 0.9170 0.0930 0.0799 0.0032 0.0030 

 0.20 0.9397 0.9671 0.0590 0.0320 0.0013 0.000874 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.05 0.0379 0.0428 0.9039 0.8947 0.0582 0.0625 
 0.10 0.0307 0.0262 0.8645 0.8873 0.1048 0.0865 
 0.15 0.0181 0.0201 0.8216 0.8261 0.1603 0.1538 

 0.20 0.0162 0.0145 0.7781 0.7851 0.2056 0.2004 

 r
2
  0.9969  0.9962  0.9915 

 rRMSD 0.1079      

Dehypon

® LS 54 

[NaCl]initial 

 [wt%] 

313.15 K Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.8273 0.7262 0.1718 0.2727 0.00087 0.00109 
 0.05 0.8973 0.8833 0.1017 0.1156 0.00103 0.00115 
 0.10 0.9351 0.9261 0.0644 0.0733 0.00058 0.00065 
 0.15 0.9431 0.9576 0.0563 0.0419 0.00051 0.00044 
 0.20 0.9583 0.9670 0.0412 0.0325 0.00050 0.00043 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.0195 0.0257 0.9689 0.9552 0.0115 0.0191 
 0.05 0.0179 0.0248 0.9242 0.8924 0.0579 0.0827 
 0.10 0.0281 0.0239 0.8703 0.8599 0.1016 0.1162 
 0.15 0.0129 0.0150 0.8258 0.8199 0.1613 0.1650 
 0.20 0.0119 0.0115 0.7795 0.7999 0.2085 0.1886 

 r
2
  0.9944  0.9916  0.9743 

 rRMSD 0.1613      

σ (T) = 0.1, σ (Polymer) = 0.005, σ (H2O) = 0.005, σ (NaCl) = 0.002  
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Table 7.4: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at 298.15K and 313.15 K and atmospheric pressure for NaCl with r
2
 and rRMSD accuracy 

Dehypon

® LS 45 

[NaCl]initial 

[wt%] 

298. 15 K Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.5563 0.5685 0.4398 0.4273 0.0038 0.0041 
 0.03 0.7287 0.7307 0.2660 0.2642 0.0053 0.00512 
 0.05 0.8307 0.8524 0.1660 0.1446 0.0033 0.0029 
 0.10 0.9257 0.9244 0.0735 0.0747 0.00081 0.00081 
 0.15 0.9469 0.9336 0.0526 0.0659 0.00048 0.00054 
 0.20 0.9575 0.9333 0.0420 0.0661 0.00045 0.00060 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.0329 0.05432 0.9536 0.9209 0.0134 0.0248 
 0.03 0.0268 0.02630 0.9376 0.9381 0.0355 0.0355 
 0.05 0.0224 0.01973 0.9213 0.9319 0.0563 0.0483 
 0.10 0.0175 0.01595 0.8760 0.8920 0.1065 0.0919 
 0.15 0.0147 0.01432 0.8282 0.8326 0.1570 0.1530 
 0.20 0.0100 0.01060 0.7820 0.7803 0.2080 0.2090 

 r
2
  0.9991  0.9983  0.9919 

 rRMSD 0.1563      

Dehypon

® LS 45 

[NaCl]initial 

[wt%] 

313.15 K Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.9188 0.9466 0.0810 0.0532 0.00015 0.00011 
 0.05 0.9334 0.9479 0.0663 0.0519 0.00016 0.00013 
 0.10 0.9438 0.9439 0.0560 0.0559 0.00020 0.0002 
 0.15 0.9574 0.9405 0.0423 0.0592 0.00021 0.00025 
 0.20 0.9603 0.9452 0.0394 0.0340 0.00023 0.0207 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.0201 0.0208 0.9691 0.9674 0.0107 0.0117 
 0.05 0.0163 0.0153 0.9297 0.9364 0.0540 0.0482 
 0.10 0.0119 0.0113 0.8820 0.8999 0.1060 0.0897 
 0.15 0.0091 0.0088 0.8338 0.8552 0.1571 0.1359 
 0.20 0.0076 0.0074 0.7838 0.80198 0.2085 0.1906 

 r
2
  0.9993  0.9986  0.9636 

 rRMSD 11.53      

σ (T) = 0.1, σ (Polymer) = 0.005, σ (H2O) = 0.005, σ (NaCl) = 0.002  
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Table 7.5: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at 298.15K and 313.15 K and atmospheric pressure for NaCl with r
2
 and rRMSD accuracy 

Dehypon

® LS 24 

[NaCl]initial 

 [wt%] 

298. 15 K Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.9363 0.9591 0.0635 0.0408 0.00008 0.000073 
 0.5 0.9532 0.9579 0.0466 0.0357 0.00015 0.00633 
 0.15 0.9696 0.9591 0.0302 0.0316 0.00019 0.0092 
 0.20 0.9746 0.9599 0.0251 0.0230 0.00023 0.0170 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.0302 0.0289 0.9594 0.9622 0.0104 0.0089 
 0.5 0.0292 0.0253 0.9199 0.9246 0.0509 0.0501 
 0.15 0.0166 0.0165 0.8304 0.8307 0.1529 0.1527 
 0.20 0.0108 0.0127 0.7856 0.7877 0.2035 0.1995 

 r
2
  0.9995  0.9993  0.9968 

 rRMSD 13.93      
Dehypon

® LS 24 

[NaCl]initial 

 [wt%] 

313.15 K Top (extract) phase masses in mass fraction 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.9703 0.9706 0.0296 0.0239 0.00004 0.0054 
 0.05 0.9643 0.9653 0.0355 0.0212 0.00008 0.0135 
 0.10 0.9724 0.9695 0.0274 0.0269 0.00009 0.00363 
 0.15 0.9784 0.9703 0.0215 0.0295 0.00012 0.00014 
 0.20 0.9770 0.9691 0.0228 0.0307 0.00014 0.00016 

  Bottom (raffinate) phase masses in mass fraction 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.0166 0.0189 0.9724 0.9698 0.01119 0.0113 
 0.05 0.0145 0.0136 0.9328 0.9373 0.05270 0.0490 
 0.10 0.0098 0.0099 0.8862 0.8943 0.1040 0.0958 
 0.15 0.0058 0.0055 0.8397 0.8360 0.1545 0.1585 
 0.20 0.0045 0.0044 0.7905 0.7761 0.2050 0.2194 

 r
2
  0.9999  0.9996  0.9903 

 rRMSD 28.24      
σ (T) = 0.1, σ (Polymer) = 0.005, σ (H2O) = 0.005, σ (NaCl) = 0.002  
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Table 7.6: Binary interaction parameters of the NRTL model for different polymer 4, 5 and 6  – 

water – NaCl using S/F = 1 (mass based), at 298.15 K and 313.15 K and atmospheric pressure 

 Binary NRTL interaction parameters 

 Dehypon® LS 54  Dehypon® LS 45  Dehypon® LS 24 

 
pol – H2O pol–NaCl H2O-NaCl  pol–H2O pol – NaCl H2O-NaCl  pol – H2O pol – NaCl H2O– NaCl 

Aij 1.481 -35.194 -39.633  7.1994 9.1737 24.012  4.9076 23.702 18.244 

Aji -1.388 10.449 15.499  43.197 -29.5742 7.8320  8.0028 -27.596 -8.9289 

Bij 1527.19 695.42 -1546.01  -3491.14 -2073.45 -8171.4  -4107.81 -5383.4 -2499.13 

Bji 1697.89 -1696.98 -9142.55  -9780.75 9544.18 -1880.58  3350.731 9918.039 4167.135 

α 0.75 0.1 0.0530  0.1330 -0.4508 -0.9  0.05 0.55 0.05 

7.5 Conclusions 

Liquid – liquid equilibrium data was investigated for eight polymer – water – NaCl systems at 

two different temperatures (298.15 and 313.15 K). The phase behavior and water extraction 

could be explained by the hydrophobicity of the molecular structures of the polymers, and in 

addition the phase behavior was found to be temperature responsive. At higher 

temperature the miscibility gap increased and almost no water was extracted to the polymer 

phase. The experimental data was successfully fitted for all investigated systems at 298.15 K 

with several empirical Merchuck type of equations. These type of empirical models do not 

have temperature dependent parameters and therefore could not be used to describe the 

systems at different temperatures. The LLE experimental data for Dehypon® LS 54, 

Dehypon® LS 45 and Dehypon® LS 25 was successfully correlated with the NRTL model and, 

in contrast with the empirical models, was able to describe these systems at both 

temperatures with a single set of parameters.   
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7.6 Nomenclature 

 

Abbreviations 

ATPS  aqueous two phase system 

EO  ethylene oxide 

F  feed 

IPS  induced phase separation 

LLX  liquid – liquid extraction 

NRTL  non-random two liquid model 

PEG  poly ethylene glycol (equivalent to EO) 

PO  propylene oxide 

PPG  poly propylene glycol (equivalent to PO) 

rRMSD  relative root mean square deviation 

S  solvent 

 

Symbols 

α  non-randomness parameter, equation 

a  parameter in empirical relations, [ - ], (Equations 7.1-7.4) 

A  parameter in NRTL-model, [ - ], (Equation 7.6)  

b  parameter in empirical relations, [ - ], (Equations 7.1-7.4) 

B  parameter in NRTL-model, [K], (Equation 7.6) 

c  parameter in empirical relations, [ - ], (Equations 7.1-7.4) 

d  parameter in empirical relations, [ - ], (Equations 7.1-7.4) 

G  interaction energy parameter in NRTL-model 

M  molecular 

τ  interaction parameter in NRTL-model, [ - ], equations 5-6 

x  mol fraction, [ - ], (Equations 7.5-7.6) 

w  mass fraction, [ - ], (Equations 7.1-7.4) 

 

Superscripts and subscripts 

avg  average 
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cal  calculated 

exp  experimental 

i  species index, Equations 7.5-7.6 

j  species index, Equations 7.5-7.6 

k  species index, Equations 7.5-7.6 

m  species index, Equations 7.5-7.6 

w  weight 
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8. Experimental ternary data and thermodynamic 

modelling of ternary aqueous biphasic systems of 

EO/PO polymers – Na2SO4 – H2O  

 

The content of this Chapter has been published as: 

M. Milosevic, K.J.J. Staal, B. Schuur, A.B. de Haan, Experimental ternary data and thermodynamic 

modelling of ternary aqueous biphasic systems of EO/PO polymers – Na2SO4 – H2O, Fluid Phase 

Equilib. (2013) in press. 

 

 

Abstract 

Liquid – liquid extraction using thermoresponsive polymers as solvents in aqueous two 

phase systems followed by induced phase separation to recover the polymers is a potential 

technology for water – salt separations. Here it is reported for seven polymers on their 

ternary systems containing water, sodium sulfate and the (block co)poly ether. Equilibrium 

data was measured at 298.15 K and 313.15 K and atmospheric pressure. Empirical equations 

have been used to correlate the experimental equilibria for both temperatures separately 

and the semi-empirical NRTL model has been applied with a temperature dependent 

parameter to describe the complete dataset for both temperatures together. Model 

predictions were in good agreement with the experimental data.   
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8.1 Introduction 

Sustainable production technologies have received considerable attention in many different 

industrial fields [1]. In many processes, e.g. the production of chemicals such as salts and 

glycols, desalination of sea water, and the produced water treatment (for enhanced oil 

recovery and fracking operations), the separation of water from aqueous solutions is an 

important processing step. Because water is often the lower boiling component, these 

operations are highly energy intensive. For the specific means of separating water from 

aqueous salt solutions, the two most used technologies are multi-stage flash evaporation 

and reverse osmosis [2,3,4,5]. In the various industrial applications, a wide range of feed 

compositions are being treated in water-salt separation processes, whereas also the 

requirements with respect to final product quality range from high purity salt on the one end 

to high purity water on the other end. 

Liquid – liquid extraction (LLX) has been reported as a promising technology for water – salt 

separations [6,7,8], because it can possibly save energy by avoiding the energy intensive 

steps of water evaporation, and/or pressurizing large streams. However, in LLX processes, 

recovery is often done thermally, which would only be economic if the solute is extracted 

without significant co-extraction of water. If a process is aimed at in which water is removed 

from aqueous solutions, the LLX-based processes should be coupled to a non-evaporative 

recovery operation. In particular, the use of polymers in a LLX process to remove water from 

salt solutions can be a lead to more efficient processing, as recovery may be done by 

induced phase-spitting into two liquid phases, rather than a thermal recovery in which water 

is evaporated. Recently, our team reported a study on LLX to remove water from aqueous 

salt solutions [9]. It was shown that low density (block co)polyethers gave the most 

interesting results with respect to the amount of water that could be extracted, and the 

possibility to recover through a temperature-swing induced phase-splitting.  

Various polymer – water – salt ternary systems that form aqueous two phase systems (ATPS) 

have been reported [10], and several publications dealt with the mechanism behind the 

phase splitting [11,12,13,14,15,16,17]. In an LLX process with a polymer as solvent, followed 

by induced phase separation (IPS) for recovery, the polymer is added to an aqueous salt 

solution, thereby forming an ATPS containing a polymer rich extract phase, and a polymer 

lean raffinate phase. After extraction, the phases are allowed to settle and are collected 
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separately. The separated extract and raffinate phases are then both subjected to a 

temperature swing to induce phase separation in order to recover the polymer without 

evaporation of water. Such extraction plus induced phase separation processes (LLX + IPS 

process) may be very economic due to the use of inexpensive polymers that are available on 

bulk scale, and avoiding the evaporation of water. Figure 8.1 displays a process concept for 

the proposed LLX + IPS process.  

The technical and economic feasibility of such processes depend among other factors on the 

characteristics of the ATPS systems, and in order to make a proper feasibility study for the 

technology in various applications, sound experimental data on ATPS and a thermodynamic 

model describing the phase behavior are necessary. For separations of water and NaCl it was 

studied ATPS data and thermodynamic modeling recently [18]. Here, a study on ATPS 

systems, including thermodynamic modeling to describe them is presented for a series of 

different (block co)poly ethers (Table 8.1) in polymer – water – Na2SO4 ternary systems over 

wide ranges of initial Na2SO4 concentrations and at varying temperature.  

 

Figure 8.1: Process concept for concentration of aqueous salt solutions through liquid – liquid 

extraction with polymers followed by thermally induced phase separation  
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Table 8.1: Polymers that were studied and some selected properties 

Polymer 

Number 
Polymer 

Structure 

 

Molecular 

weight (Da) 

Viscosity [cP] 

at 294 K 

1 PPG 425 H[OCH(CH3)CH2]7-8OH 425 80 

2 PPG 1000 H[OCH(CH3)CH2]17OH 1000 150 

3 Dehypon® LS – 54 (C12-14alcoholate-(EO)5-(PO)4) 638 47 

4 Dehypon® LS – 45 (C12-14alcoholate-(EO)4-(PO)5) 652 44 

5 Dehypon® LS – 24  (C12-14alcoholate-(EO)2-(PO)4) 506 34 

6 
Dehypon® 2574 

(fatty alcohol alkoxylate 

mixture) 
n.a. 67 

7 
Dehypon® OCP 502 

(oleyl cetyl alcohol propylene 

glycol ether) 
n.a. 27 

8.2 Experimental section 

8.2.1 Chemicals 

The following chemicals were purchased from Sigma Aldrich: nitric acid, sodium sulfate 

(reagent grade, >99%), and polypropylene glycol (425, 1000). Dehypon® polymers were 

provided by courtesy of Cognis – BASF.   The water used was milli Q from MILLIPAK ® Express 

20 Millipore (0.22 μm). All polymers in this study were used as supplied, and are listed 

inTable 8.1. 

8.2.2 Experimental procedures 

8.2.2.1 Liquid – liquid equilibrium experiments 

Equilibrium liquid – liquid extraction measurements were done with the investigated 

polymers by mixing the polymers in S/F = 1 (mass based) for 2 hours (equilibrium was 

reached within 1 hour) with aqueous salt solutions ranging in mass fraction from 0.01 < xsalt, 

initial < 0.20 in 80 mL jacketed glass vessels that were temperature controlled by a water bath 

(298.15 < T/K < 313.15)  and stirred magnetically (> 52 rad/s).  After 2 hours the stirring was 

stopped, and the mixtures were allowed to settle for 12 hours. The phases were separated 

carefully and weighed separately. Aliquots of 2mL were taken from both phases for analysis 

by Karl Fischer Titration to determine the water content, and by atomic absorption 
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spectrometry for the salt content. The polymer content in both phases was determined as 

the difference from the total weight of that phase and the cumulative weights of salt and 

water. 

8.2.2.2 Modeling procedures 

For regression of the experimental data the Aspen Plus Data Regression tool was applied for 

the NRTL model, while the empirical relations were regressed using Matlab software. The 

objective function used in Aspen Plus was the maximum likelihood method. The root square 

error (r2) and relative root-mean-square deviation (rRMSD) for composition of each species 

in aqueous and organic phase was calculated. The r2 and rRMSD are defined as: 

^# = 1 −	 ∑ ���J`ab��cNd���
∑ ���,NefJ`a b��cNd���       

^�g/� = h∑ ∑ ∑ i`�J`aj`�cNd
`�J`a k3

�
d�

lm     

  

where k presents the number of data points and ��U�� experimental data of component i and 

��noF  calculated data of component i by NRTL model and ��,op�U��  the average value of all 

experimental data of component i. 

8.2.3 Analytical techniques 

The collected phases were weighed using a Mettler Toledo AX205 balance (d = 0.01). Karl 

Fischer Titrations were done using a 759 KFT Titrino Metrohm, standard deviation +/–0.005. 

Atomic absorption spectrometry was done using a Varian SpectrAA 110 spectrometer 

(standard deviation < 0.002). Samples of 1 g were diluted into 500mL water using a 

volumetric flask, and from that flask 5 milliliter was injected into the apparatus to determine 

the sodium content (mg Na+/L) from which the salt concentration in g/L and hence, the salt 

fraction in the original sample was calculated. 

  



158 
 

8.3 Theory 

The most commonly used models for correlating equilibrium compositions in aqueous 

polymer systems are a variety of purely empirical relations such as the Merchuk equation 

[19,20], and the NRTL (non-random two liquid) model [21]. These models were applied to 

describe the polymer – water – Na2SO4 systems that were investigated in this work. In this 

section, the models are introduced.  

8.3.1 Empirical equations 

Binodal curves were constructed using the Merchuk equation [19,20] based on the tie-line 

gravimetric method (Equation 8.1) and two other reported empirical equations [22,23,24]. 

These three Equations (8.1, 8.2 and 8.3) have been reported for the correlation of binodal 

data of polymer-based, IL-based and hydrophilic alcohol-based biphasic systems 

[25,26,27,28,29]. 

�� = s	 ∙ exp(��#�.� 	− 	��#;)    8.1 

�� = s + ��#�.� +	��# +	��##      8.2 

�� 	= 	 exp(s	 +	��#�.� +	��# +	��##)    8.3 

In the Equations 8.1, 8.2, and 8.3, w1 is the mass fraction of polymer, w2 the mass fraction of 

salt and a, b, c and d are fitting parameters. 

Next to the empirical relations that have been reported in literature, one more empirical 

equation based on the tie-line gravimetric method is proposed here to describe binodal data 

�� = s	 ∙ exp(� ∙ �#	) + �	 ∙ exp(� ∙ �#	)    8.4 

 

8.3.2 The NRTL model  

The NRTL model was originally developed for molecular species [21], and it has been used to 

describe many different systems containing electrolytes including polymer containing ATPS 

and systems containing ionic liquids [30,31,32,33,34,35,36,37,38]. This is a semi-empirical 

equation where the local composition contribution to the system Gibbs free energy is the 

physical foundation for the model. The molecular interactions are described by the local 

composition parameters a, b and α, which in practice are empirically found using 

experimental equilibrium data, in which the activities of all compounds (polymer = 1, Na2SO4 
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= 2, Water = 3) that should be equal in both phases are correlated by the NRTL model 

according to Equations 8.5 and 8.6. 

ln(��) = ∑ �u�u�)u��u��∑ )�������� + ∑ �u)�u∑ )�u������
*r�� 0q�r − ∑ �3�3u)3u�3��∑ )�u������ 4     8.5 

$�r = v�wx−y�rq�rz, q�r = s�r +	t�u� ,  q�� = 0, $�� = 1 and  y�r = yr�     8.6 

 

8.4 Results and discussion 

8.4.1 Liquid – liquid equilibrium data 

8.4.1.1 Equilibrium data at T/K = 298.15 

Liquid – liquid equilibrium data has been obtained at S/F = 1 (mass based) at T/K = 298.15, 

the results are presented in Figure 8.2. From the data presented in Figure 8.2, it becomes 

clear that all seven polymers do form aqueous two phase systems with aqueous Na2SO4 

solutions at T/K = 298.15, although for some of the polymers (1 – [0.02 xw], 3 – [0.02 xw]) 

there is a minimum amount of salt needed to create an ATPS. From Figure 8.2 three 

different groups of systems can be distinguished. The long tie-lines for polymers 2, 5, and 7 

for a wide range of salt fractions show highly immiscible systems and forceful salting out 

effects compared to the somewhat better miscible systems with polymers 3, 4 and 6. This 

larger immiscibility gap is due to the larger propylene oxide (PO) moiety in the polymers 2, 5, 

and 7 than in the polymers 3, 4 and 6, polymers of which the properties are more influenced 

by the more hydrophilic ethylene oxide (EO) moieties. Polymer 1 shows significantly shorter 

tie-lines than all other polymers, which implies that this system is better miscible. The better 

miscibility may be accounted for by the shorter chain length of this polymer. In absence of 

Na2SO4, the polymer 1 is even fully miscible at 298.25 K, and for phase splitting at this 

temperature, initial salt fractions of xw,2 > 0.02 are required.  
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Figure 8.2: Phase diagram for Polymer – Water – Na2SO4 system (mass fraction), polymers 1(a), 

2(b), 3(c) , 4(d), 5(e), 6(f) and 7(g)  for S/F = 1 (mass based) at T/K = 298.15. Symbols: (����,– –) 

experimental  
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Compared to polymer 1, the polymer 2, also being a PPG homopolymer but with a larger 

chain length (PPG 1000), shows a more hydrophobic character. Polymer 2 forms an ATPS 

with water at room temperature also in absence of any Na2SO4, and the tie-lines are longer. 

This difference can be attributed to the hydration, as for the hydration of the larger PPG 

more water molecules are required, leading to a decrease in the solubility of the polymer 

due to an unfavorable entropic contribution. Another effect of increasing the size of the PPG 

homopolymers is a reduction in the amount of water that is absorbed by the polymer rich 

top phase, which also may be accounted for by an entropic effect. Because systems 

containing the larger PPG polymer have less degrees of freedom, there is less possibility to 

dissolve water molecules through hydrogen bond formation. This effect of the molar weight 

of polymers on the absorption of water has also been reported for other polyether – water – 

salt systems. [17,39,40,41]. 

The polymers 3 – 7 are ethoxylated/propoxylated fatty alcohols and with their amphiphilic 

block structures, a notable liquid – liquid phase behavior is observed. These surfactants have 

a low solubility in the heavy aqueous phase due to the fatty alcohol moiety, whereas the 

amount of water in the polymer rich phase is strongly dependent on the ratio of the EO/PO 

moieties in the molecules due to the difference in the hydrophilicity of the EO and PO groups 

[42]. If the EO/PO ratio is small, the uptake of water in the polymer rich phase is limited 

(polymer 7, containing next to the fatty alcohol part only PO units and no EO at all), and a 

moderate ratio leads to a moderate uptake of water, as observed for polymers 4 and 5. For 

polymer 3, a polymer with a high EO/PO ratio (five EO units, a weight fraction of 0.34 of the 

total molar mass is EO), the uptake of water by the polymer rich top phase is significantly 

higher.  

In a recent study, equilibria involving the polymers 1, 2, 3, 4, 5, 6 and 7 in ATPS systems with 

NaCl have been studied [18]. Generally, the ATPS systems with Na2SO4 show longer tie-lines, 

i.e. larger miscibility gaps than the ATPS systems with NaCl. More specific for polymer 3 and 

6, it was observed that less salt is needed for phase splitting when sodium sulfate is used. To 

explain the difference in phase splitting, the concept of salting-out is considered, and in 

relation to the salting-out effect, the Hoffmeister series [43] is recognized as an accepted 

series to order salts from kosmotropic (order-maker) to chaotropic (disorder-maker), 

typically applied in relation to protein-salt interactions, [44,45] but also applicable to other 
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aqueous systems. To define this series, Marcus developed a thermodynamic approach 

quantifying the Gibbs free energy of hydration �Ghyd [46]. The �Ghyd is defined as the 

change in free energy from an isolated naked ion in the gas phase to the aqueous solvated 

ion in solution. Kosmotropic ions, which are typically small and/or multiple-charged ions (like 

SO4
2-), exhibit a high charge density and a large negative �Ghyd. Kosmotropic ions exhibit 

stronger interactions with water molecules than inter-water interactions and are therefore 

capable of breaking hydrogen bonds between two water molecules, while chaotropic ions 

(very weak chaotropic Cl-), which are typically large and/or singly charged ions with low 

charge density  have smaller negative or even positive values for �Ghyd. The weaker 

interactions between the chaotropic ions and water as compared to inter- water 

intereactions affect the hydrogen bonding of the surrounding water not so strong as 

kosmotropic ions do. Due to the rather kosmotropic character of the sulphate ion, Na2SO4 

has a strong interaction with water, and therefore there is only a small amount of the salt 

present in the extract phase (xw,salt,top < 0.00009) for all investigated polymers under the 

experimental conditions.  

In contrary to the salt distribution that is uniformly lower for Na2SO4 than NaCl, the 

comparison of the water distribution for the polymers does not show a uniform trend, but 

two groups could be identified. The polymers (1, 3 , 4 and 6) in ATPS with Na2SO4 extracted 

more water than in systems with NaCl, and in the other group (2, 5 and 7) there was not a 

significant difference in ATPS behavior between the two salts.  

For water – salt separation purposes, the behavior of the molecules 3, 4, and 5 in that order 

is most interesting, because rather low amounts of polymer are lost to the raffinate phase, 

while reasonable amounts of water are transferred to the polymer rich phase. As suggested 

previously [9], recovery of the polymers may be done by a temperature swing, and 

therefore, it was decided to study these three systems also at elevated T/K = 313.15.   

8.4.1.2 Equilibrium data at T/K = 313.15 

Liquid – liquid equilibrium data for polymer – water – Na2SO4 systems at T/K = 313.15 was 

measured by mixing aqueous salt solutions (xw,salt,initial = 0.10) with polymers at S/F = 1 (mass 

based), and compared with the data at T/K = 298.15 in Figure 8.3. From the comparison, it 

can be observed that the temperature clearly influences the phase behavior of these 
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systems. Where polymers 4 and 5 form biphasic systems with water without salt, polymer 3 

is miscible with pure water and ATPS system formation requires a minimum amount of salt. 

At the higher temperature, the biphasic region starts at lower salt concentrations for 

polymer 3, indicating lower miscibility. A smaller amount of polymer dissolves in the polymer 

lean phase, and less water is extracted into the polymer phase for all three polymers 3, 4 

and 5. Due to the amphiphilic structures of polymers 3, 4 and 5, this phase behavior can be 

explained using surfactant terminology. Considering homogeneous solutions of one of these 

polymers right below the phase splitting concentration, it can fairly safe be presumed that 

the amphiphiles in such aqueous solutions are present in self-assembled aggregates that 

consist of hydrophobic inner domains and a hydrophilic outer domains. These solutions may 

be considered as homogeneous solutions of hydrophobic “pseudo-phases” [47,48,49,50]. 

The self-assembly is promoted by hydrophobic interactions, which at the observed scale of 

micelles (length typically about a nm in size) are entropic of nature [51,52,53]. Increasing the 

temperature leads to increasing entropy of the whole system, which makes it for the system 

more difficult to tolerate the micellar “pseudo-phase”, and hence, the phase splitting is 

induced at what is called the cloud point [52,51,53,12,54,55]. Also the uptake of water in the 

polymer rich phase depends on the temperature due to the entropic effects. It can be seen 

in Figure 8.3 that the amount of water (x3, top) absorbed by the polymer rich phase is less at 

T/K = 313.15 compared to the experiments at T/K = 298.15 and that the loss of the polymer 

in the bottom phase (x1, bottom) is less at higher temperature. The amount of salt absorbed by 

the polymer rich phase (x2, top) is significantly higher at the lower temperature. This is 

observed for all initial concentrations as reported. 
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Figure 8.3: Phase behavior of Polymer (1) – Na2SO4 (2) – Water (3) systems at T/K = 298.15 K (light 

grey) and T/K = 313.15 K (dark grey), represented by bar diagrams for the component mass 

fractions , figures a and b: x1,figures  c and d: x2, and figures e and f: x3. Conditions: S/F = 1 (mass 

based) , xNa2SO4, initial = 0.10. 
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8.4.2 Thermodynamic modeling 

8.4.2.1 Empirical models for binodal curves 

The binodal data was fitted using Equations 8.1 – 8.4. The model parameters and correlation 

coefficients are presented in Table 8.2. 

Table 8.2: The model parameters for ternary Polymer – Water – Na2SO4  system for S/F = 1 (mass 

based) at T/K = 298.15 and atmospheric pressure 

Equation Polymer a b c d r
2
 

8.1 1 0.8604   -6.362   777.1 - 0.9968 
 2 1.294   -16.29   240130 - 0.9714 
 3 0.9763 -6.668   59630   - 0.9986 
 4 0.9906   -9.261   463100 - 0.9979 
 5 0.9448   -0.457   3.849∙106 - 0.9990 
 6 0.9907 -7.348   4.953∙105 - 0.9870 
 7 0.9711   0.5892   5.882∙106   - 0.9999 
8.2 1 0.8505   -4.777   7.751   -6.38   0.9974 
 2 1.15   -12.01   31.67   -52.39   0.9635 
 3 1.044   -8.115   17.28   -21.2   0.9919 
 4 1.007   -9.843   24.89   -38.9   0.9882 
 5 1.098   -11.69   31.39   -53.53   0.9582 
 6 1.057   -10.23   25.49   -38.88   0.9701 
 7 1.081   -11.63   31.28   -53.7   0.9251 
8.3 1 -0.1618   -5.603   -7.47   -27.3   0.9973 
 2 -0.4269   27.96   -535.7   2023 0.9982 
 3 -0.162   1.044   -92.04   282.1   0.9975 
 4 -0.08822   0.1767   -200.6   824.2   0.9989 
 5 -0.315   27.74   -612.5   2507 0.9991 
 6 -0.1713   7.4   -257.1   971.5   0.9893 
 7 -0.1526   23.03   -505.2   -6717   0.9967 
8.4 1 0.6273   -25.76   0.2054   -1042   0.9973 
 2 1.012   -200   8.858∙10-13 91 0.9879 
 3 0.8626   -80.44   5.407∙10-3   2.791   0.9979 
 4 0.9015   -202.7   0.0166   -2.169   0.9994 
 5 1.841∙10-3   6.768   0.9931   -211.8   0.9853 
 6 -2.399   -106.4   3.31   -112.1   0.9863 
 7 4.11 -238.1   -3.099   -262.1   0.9668 

 

  



166 
 

 

 

Figure 8.4: Liquid – liquid Equilibria and model calculations  for Polymer  – Water – Na2SO4 , 

polymers 1(a), 2(b), 3(c) , 4(d), 5(e), 6(f) and 7(g)  for S/F = 1 (mass based) at T/K = 298.15,  for 

empirical equations, Symbols: (����, – ) experimental,( – –) Equation 8.3, (������������) Equation 8.4, (––) 

Equation 8.5, (–����–) Equation 8.6. 
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Based on the correlation coefficients reported in Table 8.2 it can be observed that Equations 

8.1, 8.3 and 8.4 can describe the experimental binodal data good for all investigated 

polymers, while Equation 8.2 fits the experimental data only well for polymer 1. This good fit 

by Equation 8.2 for polymer 1 is in line with the literature reported fitting of the fully water 

soluble components at room temperature [23,24,56]. For the systems where the salt 

amount in the top polymer rich phase is very low (xsalt <0.00017) and the immiscibility region 

is broad, Figure 8.4 illustrates that Equation 8.2 does not give a good fit as previously also 

reported for systems with NaCl [18]. Equation 8.2 is the only equation that is not 

exponential, but polynomial of form. Because the concentration of polymer drops extremely 

fast due to the large immiscibility, and the polynomial form of the equation only includes 0, 

0.5, 1 and 2nd order terms, the coefficients need to take extreme values to fit the extreme 

gradient in x1 with respect to x2. This causes problems at higher x2 values, which is reflected 

by the x1 increasing again at x2 > 0.1. A possible solution would be either to include higher 

order terms or go to a different form. Since the exponential form requires less parameters, 

this type of empirical relation is preferred over a polynomial.  

 

8.4.2.2 Modeling the ATPS behavior with the NRTL model 

Although the empirical models have been found to be able to describe the experimental 

data well for all of the polymers, and the fitting of the models is easier than fitting activity 

coefficient models like NRTL, the intrinsic drawback of these type of models is that there is 

no temperature dependency, requiring that the models are correlated for each temperature 

individually.   

The NRTL model in contrary, may be equipped with parameters to describe the temperature 

dependency of the molecular interactions, which was applied to describe ternary systems of 

the three Dehypon® LS type of polymers with water and Na2SO4 at two different 

temperatures with a single set of parameters. The results of the experimental phase 

equilibrium data and the calculated data together with the calculated accuracy using 

Equations 8.7 and 8.8 are given in Table 8.4, 8.5 and 8.6 in the Appendix. The obtained 

binary interaction parameters of the NRTL model are presented in Table 8.3. In Figure 8.5 

the ternary experimental data are plotted with the calculated data. 
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Figure 8.5: Ternary diagram of experimental and calculated compositions (mass fraction) for 

Polymer  – Water – Na2SO4 at S/F = 1 (mass based), T/K = 298.15 (left)   for 3(a.), 4(c.) and 5(e.)  and 

T/K = 313.15 (right) for 3(b.), 4(d.) and 5(f.) and atmospheric pressure. Symbols (����,---) 

experimental data, (����,–) calculated data 
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Figure 8.5 shows the effect of temperature on the equilibrium of the system Polymer – 

water – NaCl for the three polymers investigated (3, 4 and 5). From Figure 8.5 and Table 8.4, 

8.5 and 8.6 it is observed that at T/K = 298.15, equilibrium is reached with significant 

amounts of water and some amount of salt present in the polymer rich phase, compared to 

the higher temperature of 313.15 K, where less water and almost no salt is present in the 

top phase. The binary interaction parameters of the NRTL model were found by fitting the 

experimental data at two different temperatures for each investigated system. Figure 8.5 

shows good agreement between the experimental data and the calculated data for polymer 

and water fitted at T/K = 298.15 (left side of the figure) and T/K = 313.15 (right side of the 

figure) for all three systems, while the calculated salt fractions were less in agreement with 

the experimental data. This inaccuracy for the calculated salt fractions is especially visible in 

the aqueous raffinate phase from Figure 8.5 (top corner of the ternary) for all three systems.  

It can be concluded from Figure 8.5 and the Table 8.4, 8.5 and 8.6 that for all three polymers 

the NRTL model is able to predict the temperature responsive ATPS behavior, be it with a 

lower accuracy for the amount of salt. 

Table 8.3: Binary interaction parameters of the NRTL model for different polymer 3, 4 and 5  – 

water – Na2SO4 using S/F = 1 (mass based), at T/K = (298.15 and 313.15) and atmospheric pressure 

 Binary NRTL interaction parameters 

 Dehypon® LS 54  Dehypon® LS 45  

 
 pol–H2O pol–Na2SO4 H2O– Na2SO4  pol–H2O pol–Na2SO4 H2O–Na2SO4  

aij  12.02573 35.66626 -12.4363  -2.7643 -17.5833 -37.5866  

aji  -5.89235 40.56821 -3.73668  35.27751 31.38763 -24.4187  

bij  -4103.49 -10000 10000  1158.052 5966.093 9876.653  

bji  3986.249 -10000 -1732  -9985.35 -7613.66 7744.305  

α  0.5 0.2 0.2  -0.99 -0.49 -0.99  

  Dehypon® LS 24 

 
  pol – H2O pol– Na2SO4 H2O–Na2SO4 

aij   1.700267 -1.33361 -14.2239 

aji   13.07818 -18.0311 -13.8045 

bij   -113.25 1322.954 1357.906 

bji   -4327.07 5397.922 -4102.29 

α   -0.95 -0.105 -0.9 
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8.5 Conclusions 

Liquid – liquid equilibrium data was investigated for seven polymer – water – Na2SO4 

systems at two different temperatures (298.15 and 313.15 K). The hydrophobicity in the 

molecular structures of the polymers have a strong influence on the biphasic formation and 

water extraction. The phase behavior was found to be temperature responsive. Little 

extraction of sodium sulfate to the polymer rich phase was observed due to the strong 

kosmotropic behavior of this salt, while at T/K = 298.15 significant amounts of water are 

extracted to the polymer rich phase. At higher temperature the miscibility gap increased and 

less water was extracted to the polymer phase. The experimental data was successfully 

fitted for all investigated systems at 298.15 K with several empirical Merchuk type of 

equations. These type of empirical models do not have temperature dependent parameters 

and therefore also NRTL modeling was applied to describe the systems at different 

temperatures. The LLE experimental data for Dehypon® LS 54, Dehypon® LS 45 and 

Dehypon® LS 25 was successfully correlated with the NRTL model.  

8.6 Nomenclature  

Symbols and abbreviations 

EO   ethylene oxide (monomeric unit in PEG and block copolyethers) 

PO   propylene oxide (monomeric unit in PPG and block copolyethers) 

PEG   poly ethylene glycol 

PPG   poly propylene glycol 

x   mass fraction  [g/g] 

m   mass   [g] 

NaCl   sodium chloride 

Na2SO4   sodium sulfate 

K   Kelvin 

S/F   solvent to feed 

[]   concentration 

ATPS   aqueous two phase systems 

IPS   induced phase separation 

LLE   liquid-liquid equilibrium 
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LLX   liquid – liquid extraction 

mL   milliliter 

rad/s   radium per second 

HLB   hydrophilic-lipophilic balance 

ΔG   Gibbs free energy 

cP   centipoise  

Superscripts 

exp   experimental 

Subscripts 

bottom  bottom of the two aqueous phases, the polymer lean raffinate phase 

top   upper of the two aqueous phases, the polymer rich extract phase 

cal    calculated 

hyd   hydration  

avg   average 
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Appendix  

Table 8.4: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at T/K = (298.15 and 313.15) and atmospheric pressure for Na2SO4 with r
2
 and rRMSD accuracy 

Dehypon® LS 

54 

[Na2SO4]initialF 

 [xw] 

T = 298.15 K  Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 < 0.02 Single phase 
 0.02 0.60335 0.61722 0.39100 0.37781 0.00565 0.00497 
 0.0243 0.60573 0.61842 0.38811 0.37723 0.00616 0.00435 
 0.04 0.67375 0.6754 0.32320 0.32177 0.00305 0.00283 
 0.05 0.70909 0.69394 0.28820 0.30336 0.00271 0.00271 
 0.06 0.72860 0.71439 0.26950 0.28345 0.00190 0.00217 
 0.08 0.76422 0.75465 0.23450 0.24367 0.00128 0.00168 
 0.10 0.78801 0.8171 0.21100 0.18185 0.00099 0.00104 
 0.15 0.83649 0.86362 0.16300 0.13594 0.00051 0.000436 
 0.20 0.87256 0.86007 0.12706 0.13945 0.00037 0.000481 
  Bottom (raffinate) in mass fractions 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.02 0.03895 0.03622 0.93100 0.93478 0.03005 0.02900 
 0.0243 0.03238 0.03974 0.92812 0.92599 0.03950 0.03427 
 0.04 0.01937 0.02143 0.91343 0.90137 0.06720 0.0772 
 0.05 0.01720 0.01776 0.90280 0.89432 0.08000 0.08793 
 0.06 0.01540 0.01543 0.89490 0.89243 0.08970 0.09214 
 0.08 0.01162 0.01091 0.87621 0.8774 0.11217 0.11169 
 0.10 0.00610 0.00601 0.85640 0.83671 0.13750 0.15728 
 0.15 0.00307 0.00361 0.81066 0.79629 0.18627 0.20009 
 0.20 0.00564 0.00378 0.76186 0.79773 0.23250 0.1985 
 r2  0.9996  0.9973  0.9685 
 rRMSD 0.0806      
Dehypon® LS 

54 

[Na2SO4]initialF 

[xw] 

T = 313.15 K Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.76253 0.79984 0.23698 0.1997 0.00049 0.000462 
 0.05 0.85465 0.79865 0.14511 0.20104 0.00024 0.000309 
 0.10 0.89127 0.85055 0.10850 0.14911 0.00023 0.000334 
 0.15 0.90898 0.90909 0.09090 0.0908 0.00012 0.000108 
 0.20 0.92326 0.8843 0.07651 0.11545 0.00023 0.000224 
  Bottom (raffinate) phase in mass fractions 
  Exp. Calc. Exp. Calc. Exp. Calc. 
 0.01 0.02223 0.01563 0.96419 0.96891 0.01358 0.01547 
 0.05 0.01677 0.01633 0.92423 0.92376 0.05900 0.05991 
 0.10 0.00750 0.00714 0.87750 0.85776 0.11500 0.13511 
 0.15 0.00194 0.00274 0.83136 0.77809 0.16670 0.21917 
 0.20 0.00348 0.00399 0.77792 0.81214 0.21860 0.18387 
 r2  0.9956  0.9908  0.9341 
 rRMSD 0.1499      
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Table 8.5: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at T/K = (298.15 and 313.15) and atmospheric pressure for Na2SO4 with r
2
 and rRMSD accuracy 

Dehypon® LS 

45 

[Na2SO4]initial 

[xw] 

T = 298. 

15 K 

Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.63062 0.73098 0.36754 0.26781 0.00184 0.00121 
 0.0243 0.73700 0.69144 0.26175 0.30643 0.00126 0.00213 
 0.05 0.82050 0.78248 0.17900 0.21709 0.00050 0.000432 
 0.10 0.87370 0.75334 0.12600 0.24566 0.00030 0.001 
 0.15 0.89873 0.90766 0.10120 0.09227 0.00007 0.00007 
 0.20 0.92094 0.92716 0.07900 0.07267 0.00006 0.00017 
  Bottom (raffinate) phase in mass fractions 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.03617 0.03585 0.94800 0.93115 0.01583 0.033 
 0.0243 0.02966 0.03957 0.93634 0.93539 0.03400 0.02504 
 0.05 0.01629 0.01023 0.92091 0.94441 0.06280 0.04536 
 0.10 0.00944 0.01133 0.87516 0.95058 0.11540 0.0381 
 0.15 0.00380 0.0038 0.82700 0.82803 0.16920 0.16817 

 0.20 0.00020 0.00018 0.78000 0.75274 0.21980 0.2470 

 r
2
  0.9849  0.9767  0.8920 

 rRMSD 0.4196      
Dehypon® LS 

45 

[Na2SO4]initial 

[xw] 

T = 313.15 

K 

Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.91698 0.93187 0.08300 0.0681 0.00002 0.0000261 
 0.05 0.93275 0.9167 0.06700 0.08303 0.00025 0.000267 
 0.10 0.93324 0.92556 0.06650 0.07421 0.00026 0.000228 
 0.20 0.94942 0.90554 0.05050 0.09291 0.00008 0.00155 
  Bottom (raffinate) phase in mass fractions 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.01856 0.05406 0.97068 0.92644 0.01075 0.01951 
 0.05 0.01454 0.01276 0.93146 0.92853 0.05400 0.05871 
 0.10 0.00699 0.00575 0.88481 0.8765 0.10820 0.118 
 0.20 0.00595 0.01207 0.78505 0.83858 0.20900 0.149 
 r

2
  0.9982  0.9959  0.8735 

 rRMSD 2.6774      
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Table 8.6: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at T/K = (298.15 and 313.15)  and atmospheric pressure for Na2SO4 with r
2
 and rRMSD accuracy 

Dehypon® 

LS 24 

[Na2SO4]initial 

[xw] 

T = 298. 

15 K 

Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.92646 0.957103 0.07234 0.042722 0.00120 0.000175 
 0.0243 0.93747 0.939045 0.06242 0.060809 0.00012 0.000146 
 0.05 0.94276 0.940944 0.05710 0.058918 0.00014 0.000138 
 0.10 0.94641 0.925365 0.05334 0.074299 0.00025 0.000337 
 0.15 0.95233 0.924671 0.04760 0.075064 0.00007 0.000265 
 0.20 0.95565 0.92795 0.04414 0.07158 0.00021 0.000468 
  Bottom (raffinate) phase in mass fractions 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.03238 0.048755 0.95825 0.914842 0.00938 0.036403 
 0.0243 0.03845 0.032359 0.93686 0.92861 0.02468 0.039031 
 0.05 0.02586 0.027591 0.92162 0.934263 0.05252 0.038146 
 0.10 0.01463 0.009648 0.87973 0.894217 0.10564 0.096134 
 0.15 0.00661 0.010511 0.83536 0.912033 0.15804 0.077455 
 0.20 0.00792 0.00862 0.78351 0.84317 0.20857 0.14821 
 r

2
  0.9987  0.9931  0.5770 

 rRMSD 0.5420      

Dehypon® 

LS 24 

[Na2SO4]initial 

[xw] 

T = 313.15 

K 

Top (extract) phase in mass fractions 

  Polymer Water  Salt 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.96189 0.970492 0.03804 0.029384 0.00006 0.000124 
 0.05 0.95893 0.965537 0.04086 0.034272 0.00021 0.000191 
 0.10 0.96223 0.968187 0.03759 0.031324 0.00018 0.000488 

 0.20 0.96974 0.971417 0.03021 0.027455 0.00005 0.001128 

  Bottom (raffinate) phase in mass fractions 

  Exp. Calc. Exp. Calc. Exp. Calc. 

 0.01 0.01905 0.018048 0.97061 0.958082 0.01035 0.02387 
 0.05 0.01376 0.008931 0.93478 0.947722 0.05145 0.043347 
 0.10 0.00817 0.006983 0.88850 0.891173 0.10333 0.101844 
 0.20 0.00314 0.005998 0.79169 0.791224 0.20517 0.202779 
 r

2
  0.9999  0.9997  0.9929 

 rRMSD 3.1338      
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9. Fractional extraction of salt mixture solutions by 

aqueous two phase systems  

 

The content of this Chapter has been published as: 

M. Milosevic, K.J.J. Staal, G. Bargeman, B. Schuur, A.B. de Haan, Fractional extraction of salt mixture 

solutions by aqueous two phase systems, Separation and Purification Technology, (2013) in press. 

 

 

Abstract 

An important element in the work-up of brines is the separation of different ions present. 

Usually, energy consuming technologies, such as multi-stage evaporation, reverse osmosis, 

crystallization, and nanofiltration, are used to bring the composition of the brine to the 

required specification. Fractionation of salts by liquid-liquid extraction using thermo-

responsive polymers is a novel concept. In this Chapter the fractional extraction of sodium 

chloride from brines containing sodium sulfate have been evaluated. Four different polymers 

(Dehypon® LS 54, PPG 425, Pluronic® L31 and Triton® X – 15) have been used. The 

quaternary systems of these polymers with water, sodium chloride and sodium sulfate have 

been obtained at 283.15 K and 298.15 K. From experiments at 298.15K, it was concluded 

that the polymer Dehypon® LS 54 showed the most interesting combination of extracted 

sodium chloride yield and selectivity of sodium chloride over sodium sulfate. The polymer 

losses to the feed (brine) phase were limited. Collected extract phases were subjected to a 

temperature increase to 323.15 K, 333.15 K, 343.15 K, and 353.15 K in order to study the 

polymer recovery by temperature induced phase splitting. It was found that at higher 

temperature the miscibility gap increased strongly and limited amounts of polymer 

remained in the aqueous phase.  
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9.1 Introduction 

Sodium chloride in its ubiquitous presence in human society is one of the most important 

minerals already for a long time, e.g. reflected by the payment of Roman soldiers in the form 

of salarium argentum, salt money [1]. 

The main sources of salt are underground deposits, also known as rock salts, and oceans. 

The salinity of the oceans is around 3.5 wt%, which yields approximately 35 million tons of 

salt in each cubic kilometer of sea water. For obtaining salt from the rock salts either 

mechanical or solution mining is applied. In the latter case a saturated brine solution is 

produced. Consequently, in most cases water evaporation technology needs to be used for 

salt recovery [2,3,4]. Usually, the final salt product needs to be produced from brine 

containing several ions. In contrast very pure salts are normally desired for different 

applications and brines with specific compositions are required for industrial use. Thus brine 

purification needs to be applied [5]. 

Major impurities in brines are calcium, magnesium and sulfate [6]. There are several 

technologies to bring the brine to the desired specifications, and many routes have been 

developed for the ion separations from brines, e.g. evaporative crystallization, 

recrystallization, etc. Precipitation is used for calcium, magnesium and other metals. The 

separation of sulfates from chlorides is of industrial importance, e.g. chlor-alkali technology. 

Removal of sulfate is a multifarious procedure because of many available techniques and the 

fact that it can be implemented in many different stages of brine production [7]. In the 

desalination of sea water, usually evaporation and reverse osmosis are the most common 

techniques to concentrate salt solutions [8]. These are large scale operations that are highly 

energy consuming, mostly because large amounts of water need to be removed from the 

processes [9]. Nanofiltration is used for concentrating low salts concentration solutions as 

well as for the separation of sodium chloride from sodium sulfates since sulfates have a 

higher rejection than chlorides [10,11,12]. There is a constant need to develop more 

economically attractive and environmentally clean technologies, as well as to improve and 

optimize existing technologies [13,14]. One of the promising technologies is fractional liquid 

– liquid extraction (LLX) using thermoresponsive polymers as solvents in aqueous two phase 
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systems (ATPS) [15,16]. These aqueous biphasic systems have also been reported for metal 

ion separations [17,18,19,20,21,22].  

 

Figure 9.1: Process concept for the separation of salts from aqueous salt mixtures through liquid–

liquid extraction with polymers followed by thermally induced phase separation.  

The process concept is depicted in Figure 9.1 as a single stage batch process as this concept 

is used in our experimental study, but multistage processing is an option as well. A solution 

of two salts is contacted (in this exploratory stage of the research, the focus will be primarily 

on single stage equilibrium contacting, but conceptual processes utilizing multistage 

countercurrent contacting for optimized fractionation performance could be considered as 

well) with a liquid polymer at temperature T1. After phase separation of the extract and 

raffinate phases, a polymer rich (extract) and polymer lean phase (raffinate) are identified. 

The concept of the fractionation of the two salts is the difference between the distribution 

coefficients of the two salts (Dsalt1 > Dsalt2). This difference in distribution coefficient makes 

that salt 1 is preferentially extracted. Water is co-extracted, creating ATPS systems. The 

separated extract and raffinate phases may be heated to recover the polymer by 

temperature induced phase splitting. In both the extract and the raffinate phases, after 

increasing the temperatures (T2 and T3, respectively), the polymer is collected as the top 

phase after phase splitting in both cases.  
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In Chapters 7 and 8, the concentration of aqueous solutions of NaCl and Na2SO4 using 

polymers as solvents in liquid – liquid extraction processes were reported [23,24] From 

those studies four polymers (see Table 9.1) were identified that could possibly be used for 

separation of these two salts, because they form aqueous two phase systems (ATPS), are 

thermoresponsive, demonstrated different distribution coefficient ratios for chloride and 

sulfate sodium salts, and in particular cases it is already demonstrated thermally induced 

phase separation to recover the polymers. Based on the distribution coefficients of chloride 

and sulphate reported in Chapter 7 and Chapter 8 (publications [23,24]), it may be expected 

to collect chloride in the top phase and sulphate in the bottom phase. The aim of the work 

presented here is to investigate the separation NaCl and Na2SO4 experimentally in liquid – 

liquid equilibrium (LLE) measurements at 283.15 K and 298.15 K, and for the best performing 

polymer apply phase splitting experiments to recover the polymer, and to apply the NRTL 

model [25] to describe the phase behavior of the quaternary ATPS including water, polymer, 

NaCl and Na2SO4.  

 

Table 9.1: Polymers that were studied and some selected properties 

Polymer 

Number 
Polymer 

Structure 

 

Molecular 

weight (Da) 

Viscosity 

[cP] at 294 K 

1 Dehypon® LS – 54 (C12-14alcoholate-(EO)5-(PO)4) 638 47 

2 PPG 425 H[OCH(CH3)CH2]7-8OH 425 80 

3 
Pluronic®  

PEG–PPG–PEG L31 
H(EO)x(PO)y(EO)zOH (10% wt EO) 1000 – 1100 175 

4 Triton X–15  (octylphenol-(EO)2) 294 790 

9.2 Experimental section 

9.2.1 Chemicals 

The following chemicals were purchased from Sigma Aldrich: nitric acid (≥90%), sodium 

chloride (reagent grade, >99%), sodium sulfate (reagent grade, >99%), polypropylene glycol 

(425), Triton X - 15 and Pluronic® PEG-PPG-PEG L31. Dehypon® LS 54 were kindly provided 

by Cognis – BASF. The water used was milli Q from MILLIPAK ® Express 20 Millipore (0.22 
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μm). Buffer solution, pH 7.7 for HPCE was obtained from Fluka BioChemika. All polymers in 

this study are in the liquid state at room temperature and were used as supplied.  

9.2.2 Experimental procedures 

9.2.2.1 Liquid – liquid equilibrium experiments 

Equilibrium liquid – liquid extraction measurements were done with the investigated 

polymers by mixing the polymers in 1 < S/F < 5 (mass based) for 2 hours (equilibrium was 

reached within 1 hour) with aqueous salt solutions containing both NaCl and Na2SO4 with 

mass fractions 0.01 < xNaCl < 0.10 and constant xNa2SO4 = 0.0240. Feeds and solvents were 

supplied 80 mL jacketed glass vessels that were temperature controlled using a water bath 

(283.15 < T/K < 353.15) and stirred magnetically (> 52 rad/s).  After 2 hours the stirring was 

stopped, and the mixtures were allowed to settle for 12 hours. The phases were separated 

carefully and weighed separately. Aliquots of 2mL were taken from both phases for analysis 

by Karl Fischer Titration to determine the water content and by capillary electrophoresis for 

the salt content. The polymer content in both phases was calculated by mass balance.  

9.2.2.2 Thermally induced phase splitting experiments 

Experiments to investigate the recovery of water and salts from the polymer phase were 

performed with the polymer Dehypon® LS – 54. The polymer rich phases were collected 

from liquid – liquid equilibrium experiments that were performed at T/K = 298.15 and S/F = 1 

(on mass base) with xNaCl of 0.10 and xNa2SO4 of 0.0240 aqueous solutions as described above, 

and heated up to 323.15 < T/K < 353.15 and were stirred magnetically (> 52 rad/s) for 2 

hours at that temperature. After 2 hours the stirring was stopped, and the mixtures were 

allowed to settle for 12 hours. The two phases in the ATPS systems that were obtained by 

the induced phase separation through temperature swing were carefully separated and 

weighed, and samples of 1 mL were taken from both phases for analysis by Karl Fischer 

Titration and capillary electrophoresis to determine the water and salt content. The polymer 

content in both phases was calculated by assuming 100% mass balance. 

9.2.2.3 Modeling procedures 

For regression of the experimental data the Aspen Plus Data Regression tool was applied for 

the NRTL model. The objective function used in Aspen Plus was the maximum likelihood 
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method. The root square error (r2) and relative root-mean-square deviation (rRMSD) for 

composition of each species in aqueous and organic phase was calculated. The r2 and rRMSD 

are defined as: 

^# = 1 −	 ∑ ���J`ab��cNd���
∑ ���,NefJ`a b��cNd���     

^�g/� = h∑ ∑ ∑ i`�J`aj`�cNd
`�J`a k3

�
d�

lm    

where k presents the number of data points and ��U�� experimental data of component i and 

��noF  calculated data of component i by NRTL model and ��,op�U��  the average value of all 

experimental data of component i. 

9.2.3 Analytical techniques 

The collected phases were weighed using a Mettler Toledo AX205 balance (d = 0.01 mg). Karl 

Fischer Titrations were done using a 759 KFT Titrino Metrohm, standard deviation +/–0.5%. 

Separation and detection of NaCl and Na2SO4 was done using Capillary Zone Electrophoresis, 

with fused silica capillary and a commercially available buffer solution for anions by CE 

instrument, Hewlett Packard 3DCE 1600, equipped with a diode array detector and 

detection limit of 0.004wt%. 

9.3 Theory 

9.3.1 Distribution coefficient, selectivity and yield of components 

In order to develop a separation process, it is essential that the extent of salt extraction is 

not the same for both salts. The extent of salts extraction is described by their distribution 

over the two phases, as defined on mass basis in Equation 9.1. To effectively separate one 

salt from another, the selectivity, defined as the ratio of the distribution coefficients 

(Equation 9.2) should be as high as possible [26].  

�� = (��)	(��)
 , � = 1,2,3,4    9.1 

where 1 = water, 2 = sodium chloride, 3 = sodium sulfate, 4 = polymer. 

/ = 	 �RQ��P3	cLdQM��J�RQ��P3	RPd�NKJ 	    9.2 
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Because in the systems investigated here, the distribution coefficient of sodium chloride is 

higher than the distribution coefficient of sodium sulfate, the selectivity in Equation 9.2 is 

defined towards sodium chloride. A second measure for the effectiveness of the separation 

is the yield, which is expressed as the yield of water which is preferentially extracted with 

sodium chloride. The yield of water is defined in Equation 9.3. 

�� =	 (,�)	(,�)� 	� = 1,2,3,4    9.3 

where 1 = water, 2 = sodium chloride, 3 = sodium sulfate, 4 = polymer. 

9.3.2 The NRTL model  

Among the most commonly used models for correlating equilibrium compositions in 

aqueous polymer systems is the NRTL (non-random two liquid) model [25]. 

Although the NRTL model was originally developed for molecular species, it has been used to 

describe systems containing electrolytes including polymer ATPS [27,28] and systems 

containing ionic liquids [29,30,31,32]. The NRTL equation is a semi-empirical equation where 

the local composition contribution to the system Gibbs free energy is the physical basis for 

the model. The molecular interactions are described by the local composition parameters a, 

b and α, which in practice are empirically found using experimental data. The equilibrium 

activities of all compounds (polymer = 1, water = 2, NaCl = 3, Na2SO4 = 4) should be equal in 

both phases, the activity coefficients are described by the NRTL model according to 

Equations 9.4 and 9.5. 

ln(��) = ∑ �u�u�)u��u��∑ )�������� + ∑ �u)�u∑ )�u������
*r�� 0q�r − ∑ �3�3u)3u�3��∑ )�u������ 4     9.4 

$�r = v�wx−y�rq�rz, q�r = s�r +	t�u� ,  q�� = 0, $�� = 1 and  y�r = yr�     9.5 

9.4 Results and discussion 

9.4.1 Effect of initial salt concentration on the distribution coefficients 

In the ATPS systems that were formed by mixing the polymers (1, 2, 3 and 4) with aqueous 

solutions of NaCl - Na2SO4 mixtures, all the species partition over both phases, and in order 

to investigate on the use of the technology for separation of sulfate and chloride, 
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experiments were carried out at a S/F ratio of 1 (mass based) and a temperature of T/K = 

298.15 with varying initial NaCl concentration and constant Na2SO4 concentration.  

The observed distribution coefficients (Equation 9.1) of Na2SO4, NaCl, water and polymers 

are displayed in Figure 9.2a-d and the calculated selectivities (Equation 9.2) and yield 

(Equation 9.3) as function of the initial salt concentration are shown in Figure 9.3a-b. In the 

case of polymer 4, the amount of Na2SO4 in the extract phase was always below the 

detection limit (0.004wt%) , and also for the other polymers at the highest initial NaCl 

concentration the extract phase concentration of Na2SO4 was below the detection limit, for 

these experiments to display the graph of the distribution coefficient and calculating the 

selectivity, the extract phase concentration at the detection limit was used. The distribution 

coefficients are derived from the mass fractions, the complete list of the orginal LLE mass 

fraction data is provided in Table 9.5 in the Appendix.  

The distribution coefficients of NaCl displayed in Figure 9.2a are for all polymers higher than 

the distribution coefficients of Na2SO4 displayed in Figure 9.2b, confirming that all polymers 

selectively extract NaCl. This means that after the separation of NaCl and Na2SO4, the NaCl is 

collected in the top, polymer rich phase, and Na2SO4 in the bottom, polymer lean phase. 

From Figure 9.2a, it can be furthermore concluded that polymers 1 and 2 have more or less a 

comparable distribution coefficient of NaCl, the distribution coefficient of NaCl for polymer 3 

is about a factor 2 lower and polymer 4 hardly extracts NaCl. The low distribution 

coefficients of both sodium salts for polymer 4, which in nature is amphiphilic, may be 

explained by the large hydrophobic (p-tert-octyl phenol) part of the polymer and the small 

hydrophilic part of this molecule (only two EO units) [33]. This much more hydrophobic 

character than the other investigated polymers 1, 2 and 3 is reflected in the distribution 

coefficients of the polymer and water (Figure 9.2c and 2d). The low hydrophilic – lipophilic 

balance (HLB = 4.9) [34] of polymer 4 results in a very low mutual solubility. 
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Figure 9.2: Effect of xNaCl, initial on the distribution coefficients of (a) NaCl, (b) Na2SO4, (c) water and 

(d) polymer at T/K = 298.15K and a S/F ratio of 1 (mass based). Symbols: -����- Dehypon® LS – 54 (1), 

-- PPG 425 (2), -����- Pluronic® PEG – PPG – PEG L31 (3), -����- Triton® X – 15 (4). Lines are to guide 

the eye.  

The polymers 1, 2 and 3 that extract NaCl in significant amounts with distribution 

coefficients up to 0.44 also extract significant amounts of water, in particular at low initial 

salt concentrations, and the distribution coefficients of water significantly drop with 

increasing initial NaCl concentration. The drop in water distribution coefficient with 

increasing initial NaCl concentration can be explained by the reducing activity of water in 

aqueous solutions of increasing salinity [35]. It appears that the distributions of the salts are 

correlated to the distributions of water, which may be explained by the non-electrolyte 

character of the polymers, i.e. under conditions where the polymers extract more water, 

they can also (co-)extract more of the salts from the feed. With a decrease in the water 

distribution, the distributions of the salts decrease stronger. It is furthermore visible that the 
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distribution coefficient of Na2SO4 is (strongly) decreasing with increasing initial NaCl 

concentration than the NaCl distribution coefficient is, and as a result the selectivity of the 

polymers towards NaCl increases with increasing initial NaCl concentration. The stronger 

effect of the salinity on the Na2SO4 distribution coefficient is in line with the Hofmeister 

series [36], that expects a stronger salting out effect for sulfate salts compared to the 

chloride salts. It can be also concluded that as Cl- (weak chaotropic ion [37]) is a singly 

charged ion with a low charge density showing less interaction with water than the multi-

charged SO4
2- (strong kosmotropic [37]) ion with a high charge density and a strong 

interaction with water molecules comparing to their interactions between each other (Cl- has 

lower Gibbs free energy of hydration compared to SO4
2- [37]). This might be the reason why 

sodium sulfate is being strongly present in the aqueous rich phase, and sodium chloride in 

the polymer rich phase. This effect can be also explained by the hydration number (h) of 

molecules of water with which an ion can combine in aqueous solution of given salt 

concentration. Hydration number of sodium sulfates (h ≈ 50) is much higher than the 

hydration number of sodium chloride (h ≈ 20) [38], and hydration number decreases with 

the increase of salt concentration, possibly because of the overlap of the hydration shells of 

ions with a rise in salt concentration [39]. This is why more sodium chloride than sodium 

sulfate is dissolved in the water extracted by the polymer. In this study, the sodium chloride 

concentration is increasing and the hydration number is decreasing while the sodium sulfate 

hydration number remains the same as there is no change in initial salt concentration. This 

may explain the fact that with the increase of initial salt concentration and decrease in the 

water distribution coefficient, more sodium chloride is present in the polymer rich phase as 

its hydration number decreases as well, while sodium sulfate hydration number stays the 

same. 

With the increase of initial salt concentration it is seen that the water distribution coefficient 

reduces. By adding more Na+ (kosmotropic kation, with high charge density) we are 

increasing the kosmpotropic influence and support the hydrogen bonds contributed by the 

inner shell water molecules. These kosmotropes will be strongly hydrated, have a strong grip 

on the first shell of their hydrating water molecules and therefore there is a small local water 

molecule mobility [40,41,42,43,44], which results in a low yield of water in the polymer rich 
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phase. Both the selectivity and the yield of water as function of the initial NaCl concentration 

are displayed in Figure 9.3. 

 

Figure 9.3: Sodium chloride over sodium sulfate selectivity and water yield in Water – NaCl – 

Na2SO4 – Polymer systems at T/K = 298.15K and a S/F ratio of 1 (mass based). Equation 9.2 was 

used for the selectivity and Equation 9.3 to calculate the yield. Symbols: -����- Dehypon® LS – 54 (1), 

-- PPG 425 (2), -����- Pluronic® PEG – PPG – PEG L31 (3),-����- Triton® X – 15 (4). Lines are to guide 

the eye 

From the distribution coefficients displayed in Figure 9.2, it was already concluded that the 

polymers selectively extract NaCl over Na2SO4, and in Figure 9.3 (a), it can be seen how large 

this selectivity actually is. If only the yield of NaCl and the selectivity would be considered, 

polymer 2 shows the best characteristics, directly followed by polymer 1, but because the 

distribution coefficient of polymer 2 is rather low, meaning that there is considerable 

polymer loss to the raffinate phase. Based on these results it is concluded that in the system 

with polymer 1 the best balance is obtained between yield, selectivity and limited polymer 

loss.  

Therefore further studies on the effects of temperature and solvent to feed ratio were done 

with polymer 1. 

9.4.2 Effect temperature and S/F ratio on the distribution coefficient  

For polymer 1 the effect of the solvent amount was studied at different temperatures by 

mixing the polymer with aqueous solutions containing NaCl (xNaCl, initial = 0.10) and Na2SO4 

(xNa2SO4, initial = 0.024) in a S/F ratio of 1, 3 and 5 (mass based) at T/K = 288.15 and T/K = 

298.15, and the distribution coefficients of NaCl and water in the systems were determined 

as described in the experimental section. The complete data of the solvent to feed ratio 
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experiments are reported in Table 9.6 for polymer 1 under the investigated experimental 

conditions. From Table 9.6 it can be concluded that there is always only a very small (below 

0.004wt%) amount of Na2SO4 present in the top polymer rich phase. The distribution 

coefficient of NaCl, however was found to be a function of the solvent to feed ratio at T/K = 

298.15, while at T/K = 283.15, the distribution is rather constant. 

In Figure 9.4, the distribution coefficients (calculated using Equation 9.1) of NaCl (a) and H2O 

(b) as function of S/F ratio are displayed for polymer 1 at T/K = 283.15 and T/K = 298.15 at 

atmospheric pressure. As it was previously described the salts go to the polymer phase with 

water. At the higher temperatures the increase of in entropy of the system is preventing the 

distribution coefficient of salts towards the polymer rich phase. With the increase of S/F 

there is a stronger effect on the sodium chloride distribution coefficient (Figure 9.4(a)) as 

reported previously for other ATPS [45]. Again, with the increase of S/F ration and decrease 

of water distribution coefficient, sodium chloride with the lower hydration number, will be 

more present in the polymer rich phase compared to the sodium sulfate with a higher 

hydration number [38]. 

 

Figure 9.4: Distribution coefficient of NaCl (a) and water (b) (calculated with Equation 9.1) for 

quaternary system water – NaCl – Na2SO4 – Dehypon® LS 54 (1) and xNaCl, initial of 0.10 and xNa2SO4, 

initial of 0.024 at T/K = (283.15 and 298.15) and atmospheric pressure for S/F = (1, 3 and 5) (mass 

based). Symbols: -- T/K = 283.15, -����- T/K = 298.15. Lines are to guide the eye 

From Figure 9.4(b) it can be seen that more water is extracted to the top phase at the lower 

temperature and it decreases in both cases with increasing S/F ratio. This is in line with the 

previously reported experiments for some ternary ATPS [46], where the water yield is 1.7 – 
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2.5 times larger at for lower temperature (T/K = 283.15) compared to the higher 

temperature (T/K = 313.15).  

9.4.3 Thermally induced phase splitting for polymer recovery 

The possibility to recover the polymers by thermally induced phase splitting was studied for 

polymer 1. Experiments were conducted by heating up the isolated polymer rich extract 

phase that was obtained from the liquid – liquid equilibrium experiments, for which the 

initial mass fractions were xNaCl = 0.10 and xNa2SO4 = 0.024, with S/F ratio 1 and at T/K = 

298.15. After heating up the homogeneous quaternary mixtures containing water, polymer, 

NaCl and Na2SO4 to 323.15 < T/K < 353.15K, phase splitting was observed in all experiments. 

Both phases were analyzed (see Table 9.2) and it was found that the top layer was rich in 

polymer and almost free from both salts and water for the investigated polymer. The top 

phase values for Na2SO4 were below the detection limit for all investigated temperatures. At 

T/K = 323.15 the bottom phase still contained polymer 1 in a mass fraction of 0.136 As can 

be seen from Table 9.2, a temperature induced phase splitting can remove most polymer 

from the polymer lean bottom phase, but no complete recovery of polymer was reached.  

Table 9.2: Compositions in thermally induced phase splitting experiments with polymer 1
a
 

T/K 

xp, top 

[g/g] 

xw, top 

[g/g] 

xNaCl, top 

 [g/g] 

x Na2SO4, top 

 [g/g] 

xp, bottom 

[g/g] 

xw, bottom 

[g/g] 

XNaCl, bottom 

[g/g] 

xNa2SO4, bottom 

 [g/g] 

323.15 0.9220 0.0777 0.0003 * 0.1359 0.8067 0.0574 0.0004 

333.15 0.9336 0.06627 0.0001 * 0.1106 0.8340 0.0554 0.0004 

343.15 0.9467 0.05293 0.0002 * 0.00937 0.9362 0.0544 0.0004 

353.15 0.9473 0.05267 * * 0.00815 0.9384 0.0534 0.0004 

ainitial composition in mass fractions at T/K = 298.15: xP = 0.8514, xW = 0.1431, xNaCl = 0.0055, xNa2SO4 = 

0.00003, * detected value below 0.004wt% 

9.4.4 Modeling the ATPS and the thermally induced phase splitting for 

polymer recovery 

The NRTL model (Equations 9.4 and 9.5 ) was used to describe the experimental data for 

polymer 1 with water, NaCl and Na2SO4 for S/F = 1 (mass based) and T/K = 298.15 at 

atmospheric pressure. Initial concentration in mass fraction was 0.01 < xNaCl, initial < 0.10 and 

at concentration of sodium sulfate was kept constant in mass fraction of xNa2SO4, initial = 0.024. 
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Only one experimental temperature was used, so the NRTL model applied for the fitting was 

3 parameter model. The results of the experimental phase equilibrium data and the 

calculated data together with the calculated accuracy using Equations 4.3 and 4.4 are given 

in  

Table 9.3. The obtained binary interaction parameters of the NRTL model are presented in 

Table 9.4. 

From  

Table 9.3 and calculated r2 and rRMSD it can be concluded that the NRTL is a good model to 

predict data at the given experimental conditions. 

Table 9.3: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at T/K = 298.15K and atmospheric pressure for polymer 1 (Dehypon® LS 54) – water – NaCl – 

Na2SO4 quaternary system at xNa2SO4, initial of  0.024, with r
2
 and rRMSD accuracy 

xNaCl, 

initial 

Top (extract) phase masses in mass fraction 

 Polymer Water  NaCl Na2SO4 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.01 0.6301 0.6277 0.3640 0.3666 0.00345 0.00344 0.00250 0.00225 
0.02 0.6529 0.6441 0.3395 0.3482 0.00585 0.00583 0.00180 0.00193 
0.03 0.6753 0.6764 0.3160 0.3150 0.00740 0.00716 0.00130 0.00137 
0.05 0.7381 0.7334 0.2528 0.2576 0.00860 0.00851 0.00053 0.00054 
0.06 0.7608 0.7600 0.2305 0.2313 0.00840 0.00835 0.00032 0.00032 
0.08 0.8106 0.8168 0.1822 0.1767 0.00710 0.00638 0.00011 0.00011 
0.10 0.8514 0.8492 0.1430 0.1446 0.00550 0.00615 0.00003 0.00003 
 Bottom (raffinate) phase masses in mass fraction 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.01 0.02084 0.02211 0.91706 0.91204 0.0111 0.01121 0.05100 0.05464 
0.02 0.02283 0.02161 0.90572 0.90657 0.02475 0.02562 0.04670 0.04620 
0.03 0.02010 0.02021 0.89840 0.89948 0.0367 0.03876 0.04480 0.04155 
0.05 0.01940 0.01942 0.88535 0.88267 0.05985 0.06218 0.03540 0.03573 
0.06 0.02182 0.02035 0.87453 0.87462 0.07005 0.07152 0.03360 0.03351 
0.08 0.01930 0.02075 0.85855 0.86130 0.09145 0.08682 0.03070 0.03113 
0.10 0.02040 0.02021 0.83930 0.83928 0.1117 0.11093 0.02860 0.02958 
r2  0.9999  0.9999  0.9979  0.9954 

rRMSD 0.0319        
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Table 9.4: Binary interaction parameters of the NRTL model for polymer 1 – water – NaCl – Na2SO4 

using S/F = 1 (mass based), at 298.15 K and atmospheric pressure, mass fraction of 0.01 < xNaCl, initial  

< 0.10 and xNa2SO4, initial = 0.024 

 Binary NRTL interaction parameters 

 Dehypon® LS 54 

  pol – H2O pol –NaCl H2O - NaCl pol – Na2SO4 H2O – Na2SO4 NaCl - Na2SO4 

aij  0 0 0 0 0 0 

aji  0 0 0 0 0 0 

bij  10.1161 -232.7806 -1680.6582 159.5640 -2838.7231 -8820.5828 

bji  718.2996 2563.2383 -618.0463 528.4096 -5274.0796 2354.2618 

α  0.75 0.10 -0.78 -0.79 -0.45 -0.05 

9.5 Conclusions 

The use of aqueous two phase systems (ATPS) for the separation of sodium chloride and 

sodium sulfate was investigated for several polymers containing polyether blocks. Liquid – 

liquid extraction experiments were completed for systems water – NaCl – Na2SO4 – polymer 

using Dehypon® LS 54, PPG 425, Pluronic® L31 and Triton® X – 15 at T/K = 298.15 K and S/F = 

1 at atmospheric pressure.  The best balance between yield, selectivity and limited polymer 

loss is found for Dehypon® LS 54. Quaternary systems with this polymer were further 

investigated for different S/F ratios (1, 3 and 5) at two different temperatures T/K = 283.15 K 

and T/K = 298.15 K. The phase behavior and water extraction could be explained by the 

hydrophobicity of the molecular structures of the polymers. The selectivity of NaCl 

compared to Na2SO4 could be explained by the salting – out effect and difference in the 

standard molar Gibbs free energy of hydration. Experiments to investigate the recovery of 

water and salts from the polymer phase were performed with the polymer Dehypon® LS – 

54 at 323.15 < T/K < 353.15. The phase behavior was found to be temperature responsive 

and recovery of polymer was possible at higher temperature where the miscibility gap 

increased and almost no water was extracted to the polymer phase. The LLE experimental 

data for Dehypon® LS 54 was successfully correlated with the NRTL model at T/K = 298.15. 
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9.6 Nomenclature  

Symbols and abbreviations 

ATPS   aqueous two phase systems 

cP   centipoise  

D   distribution coefficient  [(g g-1) / (g g-1)] 

EO   ethylene oxide (monomeric unit in PEG and block copolyethers) 

ΔG   Gibbs free energy 

h   hydration number 

HLB   hydrophilic-lipophilic balance 

IPS   induced phase separation 

K   Kelvin 

LLE   liquid – liquid equilibrium 

LLX   liquid – liquid extraction 

m   mass   [g] 

mL   milliliter 

NaCl   sodium chloride 

Na2SO4   sodium sulfate 

PO   propylene oxide (monomeric unit in PPG and block copolyethers) 

PEG   poly ethylene glycol 

PPG   poly propylene glycol 

R   gas constant 

rad/s   radium per second 

S   selectivity  [ - ] 

T   temperature 

S/F   solvent to feed 

x   fraction 

Y   yield 

[]   concentration 

Superscripts 

cal    calculated 

Subscripts 
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aq   aqueous 

bottom  bottom of the two aqueous phases, the polymer lean raffinate phase 

F   feed 

feed   initial salt concentration 

E   extract 

P   polymer 

R   raffinate 

S   salt 

top   upper of the two aqueous phases, the polymer rich extract phase 

W   water 

wt   weight 
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Appendix 

Table 9.5: Equilibrium compositions for LLE experiments using S/F = 1 at T/K = 298.15 and 

atmospheric pressure for NaCl and Na2SO4 at constant concentration xNa2SO4, feed = 0.024 

polymer 
xNaCl, 

initial 

mass fraction 

Top (extract) phase masses Bottom (raffinate) phase masses 

  
Polymer Water NaCl Na2SO4 Polymer Water NaCl Na2SO4 

1 0.01 0.6301 0.3640 0.00345 0.00250 0.0208 0.9170 0.0111 0.0510 
 0.02 0.6529 0.3395 0.00585 0.00180 0.0228 0.9057 0.0247 0.0467 
 0.03 0.6753 0.3160 0.00740 0.00130 0.0201 0.8984 0.0367 0.0448 
 0.05 0.7381 0.2528 0.00860 0.00053 0.0194 0.8853 0.0598 0.0354 
 0.06 0.7608 0.2305 0.00840 0.00032 0.0218 0.8745 0.0700 0.0336 
 0.08 0.8106 0.1822 0.00710 0.00011 0.0193 0.8585 0.0914 0.0307 
 0.10 0.8514 0.1430 0.00550 * 0.0204 0.8393 0.1117 0.0286 
2 0.01 0.5371 0.4552 0.0044 0.0033 0.1475 0.7525 0.0100 0.0900 
 0.05 0.7278 0.2660 0.0061 0.0001 0.1456 0.77143 0.0530 0.0300 
 0.10 0.8243 0.1650 0.0107 * 0.0680 0.8030 0.1030 0.0260 
3 0.01 0.7133 0.2839 0.0018 0.001 0.1327 0.8253 0.0110 0.0310 
 0.05 0.8136 0.1828 0.0034 0.00016 0.0546 0.8634 0.0540 0.0280 
 0.10 0.8863 0.1115 0.0022 * 0.0133 0.8496 0.1100 0.0270 
4 0.01 0.8972 0.1027 0.00004 * 0.0003 0.9630 0.0107 0.0260 
 0.05 0.9096 0.0901 0.0003 * 0.0021 0.9219 0.0510 0.0250 
 0.10 0.9479 0.0520 0.0001 * 0.0024 0.8696 0.1030 0.0250 

* detected value bellow 0.004wt% 

Table 9.6: Liquid – liquid equilibrium of quaternary system water – NaCl – Na2SO4 – Dehypon® LS 

54 (1) and xNaCl, initial of 0.10 and xNa2SO4, initial of 0.024 at S/F = 1, 3 and 5 (mass based) and T/K = 

(283.15 and 298.15) and atmospheric pressure 

  mass fraction 

Top (extract) phase masses Bottom (raffinate) phase masses 

T/K S/F Polymer Water NaCl Na2SO4 Polymer Water NaCl Na2SO4 

293.15 1 0.8514 0.1430 0.00550 * 0.02040 0.83930 0.1117 0.02860 
 3 0.9006 0.0965 0.0029 * 0.0407 0.7912 0.1320 0.0360 
 5 0.9242 0.0740 0.0018 * 0.0689 0.7532 0.1407 0.0371 
283.15 1 0.6987 0.2940 0.0073 * ** 0.8001 0.1602 0.0397 
 3 0.8339 0.1597 0.0064 * ** 0.7485 0.1919 0.0596 
 5 0.8736 0.1198 0.0066 * 0.0911 0.6919 0.1510 0.0660 

* detected value bellow 0.004wt% 
**no polymer was calculated in the polymer lean phase by the procedure described in the 
experimental part 
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Table 9.7: Equilibrium and calculated compositions for LLE experiments using S/F = 1 (mass based) 

at T/K = 298.15K and atmospheric pressure for polymer 1 – water – NaCl – Na2SO4  quaternary 

system at mass fraction of 0.01 < xNaCl, initial  < 0.10 and xNa2SO4, initial = 0.024  and recovery step for 

polymer rich phase at xNaCl, initial  = 0.10 and xNa2SO4, initial = 0.024 heated to 323.15 < T/K < 353.15 

xNaCl, initial Top (extract) phase masses in mass fraction 

 Polymer Water  NaCl Na2SO4 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.01 0.6301 0.6287 0.3640 0.3663 0.00345 0.00247 0.00250 0.00257 
0.02 0.6529 0.6673 0.3395 0.3264 0.00585 0.00463 0.00180 0.00168 
0.03 0.6753 0.6822 0.3160 0.3100 0.00740 0.00654 0.00130 0.00127 
0.05 0.7381 0.7539 0.2528 0.2378 0.00860 0.00770 0.00053 0.000552 
0.06 0.7608 0.7918 0.2305 0.2013 0.00840 0.00653 0.00032 0.00029 
0.08 0.8106 0.8071 0.1822 0.1856 0.00710 0.00720 0.00011 0.000112 
0.10 0.8514 0.8176 0.1430 0.1744 0.00550 0.00795 0.00003 3.65∙10-5 
 Bottom (raffinate) phase masses in mass fraction 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

0.01 0.02084 0.02147 0.9171 0.9214 0.0111 0.0215 0.0510 0.0355 
0.02 0.02283 0.02356 0.9057 0.9070 0.0247 0.0332 0.0467 0.0362 
0.03 0.02010 0.02394 0.8984 0.8949 0.0367 0.0435 0.0448 0.0376 
0.05 0.01940 0.01884 0.8853 0.8685 0.0598 0.0729 0.0354 0.0398 
0.06 0.02182 0.02024 0.8745 0.8654 0.0700 0.0797 0.0336 0.0346 
0.08 0.01930 0.01952 0.8585 0.8553 0.0914 0.0944 0.0307 0.0306 
0.10 0.02040 0.02080 0.8393 0.8451 0.1117 0.1079 0.0286 0.0262 
T/K Top (extract) phase masses in mass fraction 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

323.15 0.9220 0.9599 0.0777 0.0399 0.0003 0.000143 * * 
333.15 0.9336 0.9594 0.0663 0.0404 0.0001 0.00016 * * 
343.15 0.9467 0.9472 0.0529 0.0526 0.0002 * * * 
353.15 0.9472 0.9410 0.0527 0.0588 * * * * 
 Bottom (raffinate) phase masses in mass fraction 

 Exp. Calc. Exp. Calc. Exp. Calc. Exp. Calc. 

323.15 0.1359 0.1324 0.8067 0.8227 0.0570 0.0445 0.0004 0.000357 
333.15 0.1106 0.0976 0.8340 0.8533 0.0550 0.0486 0.0004 0.000451 
343.15 0.00937 0.0116 0.9362 0.9522 0.0540 0.0356 0.0004 0.000658 
353.15 0.00815 0.0083 0.9384 0.9563 0.0530 0.0351 0.0004 0.00026 
r2  0.9986  0.9979  0.9399  0.9240 
rRMSD  0.2186       

* detected value bellow 0.004wt% 
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10. Conclusions and Recommendations 

10.1 Conclusions 

10.1.1  Water – salt separation 

The goal of this research was to investigate if liquid – liquid extraction can be used for a 

novel, energy-efficient process concept for water – salt separation, for purpose to, 1) obtain 

concentrated salt solutions and 2) obtain purified water. Due to the industrial and social 

importance, three model salts have been chosen for the investigation: NaCl, Na2SO4 and 

FeCl3, with a wide range of initial salt concentration (0.024 – 30 wt%). Two types of solvents 

have been chosen 1) volatile and 2) thermoresponsive polymers. 

10.1.2  Water – salt separation using liquid – liquid extraction with 

volatile solvents 

The first part of this thesis is a study on the use of liquid – liquid extraction for the 

concentration of ferric chloride solutions using volatile solvents. To check the phase 

behavior, a range of commercially available solvents (e.g. ethers, phenols, amides, thiols, 

amines) were screened. From the screening it was concluded that diethyl ether and 

diisopropyl ether were the most promising because of their high affinity for ferric chloride 

and possible low (heat of vaporization) energy requirement for solvent recovery. A complete 

(100% extraction yield, initial concentration 10 wt%) FeCl3 extraction was coupled to a 

recovery by combined stripping with water and ether evaporation to yield a final salt 

concentration of 45-65 wt%. During the experimental research, it was concluded that 

extraction is highly depending on the pH of the solution. Quantitative extraction capacity 

was found to be between 6 and 8M of the initial HCl concentration for both ethers. Overall, 

diisopropyl ether showed a lower solubility in the aqueous phase as compared to diethyl 

ether. The energy requirements for the solvent recovery are lower for the diisopropyl ether 

compared to diethyl ether. For this reason an adequate thermodynamic model was 

developed for this solvent and quaternary LLE of diisopropyl ether – HCl – water – ferric 

chloride system using the NRTL model. Novel process design to concentrate ferric chloride 
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solutions was simulated using Aspen Plus. By recycling the raffinate stream and using it 

partially for the stripping process within the HCl production and partially for the extract 

stripping process, a high initial HCl concentration was immobilized within the process. Due to 

HCl recycling no purification is required. According to the final simulation the novel liquid – 

liquid extraction process requires only 27% energy consumption of the regular triple effect 

evaporation process. Using the ASPEN Economic Evaluation V7.3 a rough estimation for the 

capital costs is calculated. It was found that the capital costs for the conventional multiple 

evaporation process is 3 million euro and the novel designed extraction process is 7 million 

euro, resulting in a pay-back period of around 2 years for Europe and even shorter in the Far 

East. 

10.1.3  Water – salt separation using aqueous two phase systems and 

thermoresponsive polymers 

The second part of this thesis reports on the possibility to use aqueous two phase systems 

(ATPS) and thermoresponsive polymers for the water – salt separation. For in total 53 

commercially available polymers, the phase behavior of ternary systems containing water, 

salt (NaCl, Na2SO4, and FeCl3) and polymer was studied. 

Several low-viscous polyether (block co)polymers (PPG 425, PPG 1000, Pluronic® L31, 

Dehypon® LS 54, Dehypon® LS 45 and Dehypon® LS 24) were found suitable for creating 

ATPS with NaCl and Na2SO4 with reasonable distributions of water, showing concentration 

factors up to 7.70 in a single extraction step. The distribution of sodium chloride was found 

to be higher than that of sodium sulfate for all investigated polymers. The distribution of 

water in sodium chloride systems is lower compared to that in sodium sulfate systems for all 

examined polymers. It was furthermore observed that the solubility of the polymers in the 

polymer lean phase is strongly depending on the nature and size of the polymer. Differences 

in the ethylene oxide (EO) – propylene oxide (PO) ratio in the (co)polymers were found to 

influence ATPS formation strongly. In some cases, ATPS were observed for Na2SO4, while the 

analogous experiments with NaCl showed homogeneous single liquid phases. Temperature 

responsive recovery of polymers by induced phase splitting was shown to be a promising 
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option. At higher temperature the miscibility gap increased and almost no water was 

extracted to the polymer phase. 

From the liquid – liquid extraction experiments it was observed that the aqueous salt 

solutions resulting from hypothetical complete polymer removal are more concentrated in 

the raffinate phase than in the extract phase under investigated conditions. 

It was found that ferric chloride salt is too reactive to be treated in the extraction process by 

polymers without adding additional HCl to the systems for FeCl3 stabilization. 

The experimental data were successfully fitted for all investigated systems at 298.15 K with 

several empirical Merchuk type of equations. The LLE experimental data for Dehypon® LS 54, 

Dehypon® LS 45 and Dehypon® LS 25 was successfully correlated with the NRTL model to 

describe these systems at both temperatures with a single set of parameters. 

10.1.4  Fractionation of salts by liquid – liquid extraction 

A proof of concept of the fractionation of salts by liquid – liquid extraction with 

thermoresponsive polymers was demonstrated in this thesis. As particular show case, the 

fractional extraction of sodium chloride from brines containing also sodium sulphate was 

studied, using  four different polymers (Dehypon® LS 54, PPG 425, Pluronic® L31 and Triton® 

X – 15).  The distribution coefficients of NaCl are for all polymers higher than the distribution 

coefficients of Na2SO4, confirming that all polymers selectively extract NaCl and that 

separation of these two salts is possible with this technique. If only the yield of NaCl and the 

selectivity would be considered, polymer PPG 425 shows the best characteristics, directly 

followed by polymer Dehypon® LS 54. However, because the distribution coefficient of 

polymer PPG 425 was rather low, meaning that there is considerable polymer loss to the 

raffinate phase, the best balance between yield, selectivity and limited polymer loss was 

found for Dehypon® LS 54. The phase behaviour was found to be temperature responsive 

and recovery of polymer was possible at increased temperature where the miscibility gap 

increased and almost no water was extracted to the polymer phase and almost no polymer 

remained in the aqueous phase. The LLE experimental data for Dehypon® LS 54 was 

successfully correlated with the NRTL model. 
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10.2 Recommendations 

10.2.1  Liquid - liquid extraction using volatile solvents 

During this thesis a conceptual process model was made for liquid – liquid extraction using 

diisopropyl ether. In order to draw more detailed conclusions on this novel process, a more 

complete economical calculation for the capital and the operational expenses should be 

conducted. 

The last separation process by steam stripping to remove the last traces of DiPE, has a great 

influence on the final capital costs, and a less energy demanding process for final ferric 

chloride purification should be looked at to reduce the capital costs. 

10.2.2  Salt – water separation and salt fractionation using aqueous two 

phase systems and thermoresponsive polymers 

Several polyether (block co)polymers with different ratio of hydrophilic / hydrophobic 

groups have shown good distribution of salts and water, and low thermo stimuli 

requirements. One of two major recommendations in these systems is to invest more in 

research to design the best possible (block co)polymers, which will have significantly higher 

distribution of one species over the other and to exclude or minimalize as much as possible 

the distribution of polymer over the phases to immobilize solvent within the extraction 

system. 

For the investigated polymers, one should look into the complete recovery of the polymer 

from the aqueous phase by multistage extraction or via membrane technology, and keep the 

solvent immobilized within the process. 

Finally it is recommended to estimate the capital expenditures, perform a detailed economic 

evaluation and a technical feasibility study in order to fully evaluate the application of 

thermoresponsive polymers and ATPS in water – salt separation and salt fractionation 

systems. 
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