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Summary 

Membrane-assisted fluidized bed reactors have been proposed as a 

very interesting integrated reactor concept, especially for the 

production of ultra-pure hydrogen with integrated carbon dioxide 

capture. These reactors show several important advantages over 

more conventional packed-bed membrane reactors. However, 

recent studies have indicated that (i) the bubble-to-emulsion phase 

mass transfer rate and (ii) the membrane permeation rate are the 

two main limitations of membrane-assisted fluidized bed reactors. 

To overcome both these limitations, micro-structuring of the 

membrane fluidized bed reactors is proposed. The main objective of 

this research is to investigate the hydrodynamic behaviour, mass 

transfer and gas mixing characteristics of micro-structured fluidized 

bed membrane reactors. The focus of this research was on a small 

fluidized bed compartment with flat membranes (h.l. porous filters) 

built into the left and right walls confining the fluidized suspension 

through which gas was added to or extracted from the gas-solid 

suspension, mimicking a single compartment of a micro-structured 

fluidized bed membrane reactor module. The detailed experimental 

results give clear guidelines for the design, operation and 

optimization of micro-structured fluidized bed membrane reactors. 

By using both the conventional pressure drop fluctuation method 

and a non-invasive optical technique, it has experimentally been 

demonstrated that the transition velocity from bubbling to turbulent 

fluidization regime is reduced in smaller reactors compared to larger 

fluidized beds. This experimental evidence confirms previous CFD 

modelling results reported in literature. It was found that the 

measured transition velocity depends on the experimental technique 
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used, whereas the pressure drop fluctuation method (macroscopic 

transition) gives a higher transition velocity than the optical 

technique (local transition). The reduced transition velocity allows 

the micro-structured fluidized bed to be operated under turbulent 

fluidization already at lower superficial gas velocities (reducing 

potential problems associated with membrane attrition). This 

characteristic of micro-structured beds may also allow circumventing 

bubble-to-emulsion phase mass transfer limitations.  

The hydrodynamic characteristics of both gas and solid phases have 

been investigated non-invasively using a combined Particle Image 

Velocimetry (PIV)/Digital Image Analysis (DIA) technique. This 

experimental study has been carried out for both the bubbling and 

turbulent fluidization flow regimes and focuses on the investigation 

of the influence of gas permeation via flat membranes installed into 

the left and right walls. It has been observed that the extraction of 

gas creates densified zones near the membrane walls with decreased 

solid mixing, which may result in increased mass transfer resistances 

towards the membranes (concentration polarization). In addition, 

more gas is forced towards the bed centre and by-passes the bed, 

resulting in reduced gas-solids contacting and decreased reactor 

performance. A very different behaviour has been observed for the 

case of gas addition through the membranes: in this case solids are 

pushed towards the centre of the bed with inversed solids circulation 

patterns compared to the reference case without gas permeation. In 

addition, gas by-pass is observed near the membrane walls for both 

bubbling/slugging and turbulent fluidization. These results are very 

important for the design and operation of membrane-assisted 

fluidized beds, since they indicate the limits on the membrane flux, 

but also for other fluidized bed operations (such as dryers), where 
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the addition or extraction of gas through the membranes may be 

exploited to optimize the solids circulation patterns. 

Experiments have been carried out for three different bed widths 

(80, 40, 20 mm) and two different particle diameters (dp = 100-200 

and 400-600 µm, ρp = 2500 kg.m
-3

) showing that adverse effects of 

gas permeation through the membranes (formation of densified 

zones and gas by-passing) can be avoided by decreasing the 

membrane velocity (via increasing the membrane area or decreasing 

the membrane permeation ratio) and that optimal (hydrodynamic) 

performance was observed in relatively small beds with relatively 

large particles operated in the turbulent fluidization regime. 

To investigate and quantify the mass transfer rates in fluidized bed 

membrane reactors, a novel experimental technique has been 

developed for the instantaneous whole-field, non-invasive gas 

concentration measurement in a gas-solid fluidized bed with high 

temporal and spatial resolution. The technique is based on digital 

image analysis of images acquired with an infrared (IR) (equipped 

with a filter) and a visual (VIS) high-speed camera to obtain the local 

gas-phase carbon dioxide concentration. The IR transmission 

technique has first been calibrated with single gas-phase 

measurements using a pseudo-2D sapphire column. Subsequently, 

the application of the technique has been extended to gas-solids 

fluidized beds by using the images on the visual wavelength range to 

identify and correct for the presence of the solids in the IR images. 

This technique allows CO2 concentration measurements in the dilute 

regions of the fluidized bed and in particular inside the bubbles rising 

in bubbling gas-solid fluidized beds. The obtained concentration 

profiles inside a single bubble of a CO2 tracer gas injected into a 

fluidized bed consisting of glass beads (dp = 400-600 µm, ρp = 2500 
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kg.m
-3

) at incipient fluidization conditions (with N2 as fluidizing 

agent) have clearly shown that the concentration inside the bubble is 

non-uniform while the bubble is rising through the bed. The bubble-

to-emulsion phase gas exchange coefficient computed from the 

measured concentration profiles deviates from literature 

correlations and it has been found to be dominated by convection of 

fluidization gas inside the bubble in the first period of the mass 

transfer process and afterwards controlled by diffusion between the 

vortices at the right and left side of the bubble and the emulsion 

phase. This observation contradicts often made simplifying 

assumptions and clearly indicates the need for a better 

phenomenological mass transfer model for bubbling fluidized beds.  

The IR/VIS/DIA technique has subsequently been applied to study 

the lateral gas dispersion in the freely bubbling and turbulent 

fluidization regimes. With non-invasive stimulus-response 

measurements using CO2 as a tracer gas (injected continuously in the 

upward direction into the fluidized bed) it was found that the lateral 

gas mixing increases with superficial gas velocities increasing in the 

bubbling regimes up to the turbulent fluidization regime and 

decreases for high turbulent/fast fluidization. Gas back-mixing 

experiments with and without gas permeation via the left and right 

walls in a small confined membrane fluidized bed (40 mm bed width) 

were carried out also with the standard (invasive) tracer gas injection 

and sampling technique, with which the time-averaged 

concentration of both the bubble and emulsion phases can be 

measured. The experimental results showed that the extraction of 

gas reduces the gas back-mixing and mass transfer between the 

bubble and emulsion phases and increases the gas by-passing 

through the centre of the bed, whereas the addition of gas inverts 
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the solids circulation patterns with increased overall gas back-mixing 

compared to the case without gas permeation. 

The results presented in this dissertation provide detailed 

information on the hydrodynamics and mass transfer processes 

which can be used as guidelines in the design, operation and 

optimization of micro-structured fluidized bed membrane reactors. 

However, the further development of the reactor concept requires 

an extension of the experimental studies to reactive conditions. 
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1 
Introduction 

 

 

1.1 Fluidized bed membrane reactors 

With the increase in concerns about anthropogenic greenhouse gas 

emissions and their effects on climate change, more and more 

attention is being devoted towards the development of highly 

energy efficient reactor concepts with and without integrated CO2 

capture. From this point of view, membrane reactors for hydrogen 

production have been proposed as potential candidates for both pre-

combustion CO2 capture and for small scale ultra-pure H2 production 

units for fuel cell applications. On the one hand, more stable and 

highly permeable membranes are being developed that bring 

membrane reactors for pure H2 production closer to 

industrial/commercial exploitation. On the other hand, more 

permeable and selective membranes drive the development towards 

more advanced reactor concepts such as membrane-assisted 
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fluidized bed reactors, which may show significant advantages over 

conventional packed-bed membrane reactors, such as lower 

membrane area required and more uniform temperature profiles 

(Gallucci et al. (2010)).  

Membrane-assisted fluidized bed reactors have recently been 

proposed and several studies have demonstrated novel fluidized bed 

membrane reactors to be efficient alternatives for more 

conventional reactor systems such as packed bed membrane 

reactors for a variety of reaction systems, and in particular for 

methane reforming and autothermal reforming and ethanol 

reforming. 

The main reason for this success is related to the excellent heat and 

mass transport characteristics of fluidized bed reactors, allowing a 

uniform temperature distribution even in case of highly exothermic 

reactions, excellent gas-solid contacting and low pressure drop even 

when using very small particles thus avoiding intra-particle diffusion 

limitations. These characteristics give the fluidized bed reactors a 

better performance and efficiency than many other reactor 

concepts. Furthermore, these characteristics even allow further 

process intensification via the integration of reaction and separation 

in a single reactor using membranes, so that a very efficient process 

can be achieved. Membrane reactors have been proposed for both 

in situ product removal (such as in dehydrogenation reactions) and 

for distributive reactant feeding (such as in partial oxidation 

reactions).  

H2 production via steam reforming of fossil fuels for small scale fuel 

cell application is one of the most popular applications of membrane 

reactors in which perm-selective dense Palladium (Pd) alloy 
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membranes or dense silica membranes have been applied since the 

last decades. Pd-based membranes (on ceramic or metallic supports) 

are the most popular membranes for this application as they present 

very high fluxes and high perm-selectivity towards hydrogen which 

allow a high purity (99.999%) of H2 (Gallucci et al. (2013)) that can be 

used directly without further purification in fuel cell applications.    

In-situ H2 separation using Palladium (Pd) membranes immersed 

inside the fluidized bed reactor concept was firstly proposed by Adris 

et al. (1991) and demonstrated on a pilot scale. The feasibility of 

autothermal fluidized bed membrane reactors for pure H2 

production with integrated in-situ CO2 capture have been patented 

by Kuipers and van Sint Annaland and co-workers (2006, 2008). By 

extracting gas via H2 perm-selective Pd-based membranes from the 

reaction mixture under auto thermal conditions, reaction equilibrium 

limitations are circumvented and complete conversion of the 

reactants can be achieved so that complete process integration can 

be accomplished which is particularly interesting for small scale H2 

production (Figure 1.1).  



1 Introduction 

 

4 

 

 

                     (a)                                     (b) 

Figure 1.1: Packed bed membrane (a) and fluidized bed membrane (b) 

reactors with integrated CO2 capture. 

Figure 1.1 shows the schematics of packed bed membrane (PBMR) 

and auto thermal fluidized bed membrane (FBMR) reactors, in which 

the FBMR shows several important advantages over a PBMR that can 

be summarized as: 

• Negligible pressure drop, which allows using small particle 

sizes avoiding internal mass and heat transfer limitations. 

• Strongly reduced bed-to-membrane mass transfer limitations 

(referred to as concentration polarization). 

• (Virtually) Isothermal operation. 
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• Flexibility in installing membrane and heat transfer surface 

area and arrangement of the membrane bundles. 

• Improved fluidization behaviour (in case of submerged 

membrane bundles) as a result of: 

� Compartmentalization, i.e. reduced axial gas back-

mixing. 

� Reduced average bubble size due to enhanced bubble 

breakage, resulting in improved bubble-to-emulsion 

mass transfer. 

1.2 Micro-structured fluidized bed membrane 

reactors 

Even though FBMRs are very attractive for many applications and 

show several advantages over more conventional reactors, recent 

experimental works have shown that these reactors could also be 

affected by other mass transfer limitations which may limit the 

permeation rate of H2 and thus can deteriorate the performance of 

the reactor. In particular, both bubble-to-emulsion phase mass 

transfer limitations (Gallucci et al. (2010)) and the formation of 

densified zones close to the membrane walls (de Jong et al. (2011)) 

can limit the mass transfer rate to (and thus through) the 

membranes and decrease the gas-catalyst contacting, which are 

both detrimental for the performance of a membrane reactor.  

To optimize the reactor performance and product recovery, a micro-

structured fluidized bed membrane reactor (mFBMR) is proposed in 

this thesis in order to: 

i. Maximize the membrane area installed inside the fluidized 

bed to maximize the permeation flux;  
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ii. Decrease the axial gas back-mixing to maximise the chemical 

reaction rates and average driving force across the 

membrane. 

The proposed novel mFBMR concept can maximize the volumetric 

production capacity; if mass transfer limitations and axial gas back-

mixing can indeed be strongly decreased, the optimal performance 

of an ideal isothermal plug flow reactor could be approached. 

However, several aspects should be further studied in detail. In 

particular: 

i. To what extent can the distance between two vertical 

membrane walls confining a fluidized suspension be reduced 

(membrane configuration), while maintaining optimal 

fluidization? 

ii. Under which operating conditions (fluidization flow regime) 

and solids properties (particle size and density) can a good 

reactor performance be achieved? 

iii. How does the reactor behave in the presence of gas 

permeation operated in different fluidization flow regimes, 

concerning the formation of densified zones, bubble size 

distribution and gas (back-) mixing?  

iv. Can densified or ‘dead’ zones be avoided by designing an 

optimal mFBMR and/or selecting proper operating 

conditions? 

To answer all above questions, it is necessary to correctly 

understand the reactor behaviour in all aspects of hydrodynamics 

and mass transfer and provide detailed information and guidelines to 

improve and optimize the reactor design and select optimal 

operating conditions. The research, described in this thesis focuses 
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on a small fluidized bed compartment with flat membranes built into 

the left and right walls confining the fluidized bed through which gas 

is added to or extracted from the gas-solid suspension, mimicking a 

single compartment of a micro-structured fluidized bed membrane 

reactor module (Figure 1.2). Both hydrodynamics and mass transfer 

characteristics will experimentally be studied in detail for different 

fluidization flow regimes and different reactor configurations 

(reactor sizes, particle sizes and membrane sizes). 

 

Figure 1.2: Micro-structure fluidized bed with flat membrane configuration. 

1.2.1 Fluidization flow regime 

A fluidized bed is usually preferred to operate under turbulent 

fluidization to avoid/reduce mass transfer limitations from the 
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bubble to emulsion phase. In order to distinguish between the 

different fluidization flow regimes, a transition velocity is defined. 

The measurement of pressure drop fluctuations and solids hold-up 

fluctuations (Bi et al. (1995), Kuipers et al. (1990) and Zhu et al. 

(2008)) are the two common methods which have been used to 

measure the transition velocity. An optical experimental technique 

using a visual high speed camera combined with a novel Digital 

Image Analysis is an alternative for either visual observation or solids 

hold-up fluctuation measurements to evaluate the onset from 

bubbling to turbulent fluidization flow regime. Figure 1.3 shows 

snapshots of the fluidized bed and the solids hold-up distribution at 

different superficial gas velocities, showing the differences between 

operation in the bubbling and turbulent fluidization regimes. In this 

thesis, the transition velocity in small beds is investigated and the 

hydrodynamic and mass transfer characteristics of the different flow 

regime are studied. 
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                Bubbling     Turbulent 

Figure 1.3: Snapshots of a fluidized bed operated in different fluidization 

flow regimes. 

1.2.2 Hydrodynamics and mass transfer 

Hydrodynamic characteristics of fluidized beds have been 

investigated using different experimental techniques, a.o X-ray 

(Mudde et al. (1999)), Electrical Capacitance Tomography (ECT) 

(Makkawi et al. (2002)), Magnetic Resonance Imaging (MRI) (Muller 

et al. (2007)) or optical probes (San Jose et al. (2008)), Positron 

Emission Particle Tracking (PEPT) (Parker et al. (1997)). Particle 

Image Velocimetry (PIV) is another option to measure the solids flow 

pattern non-invasively, in which a visual high speed camera is used 

to take double frames with small time delay for solids velocity 

measurements (Laverman et al. (2008), Buijtenen et al. (2010) and 
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de Jong et al. (2012)). By using combined PIV/DIA techniques, the 

instantaneous whole-field solids velocity and porosity distribution of 

pseudo 2D- fluidized beds in a wide range of operating conditions, 

including bubbling, turbulent or fast fluidization can be determined 

with high temporal and spatial resolution (Figure 1.4). In this thesis, 

the PIV/DIA technique is applied to study the hydrodynamics of 

mFMBRs. 

Understanding the hydrodynamics of the novel membrane reactor is 

very important, however, the final performance of the reactor will 

also depend on mass transfer characteristics which are obviously 

strongly correlated. In particular, mass transfer between the bubble 

and the emulsion phase, as well as the extent of gas (back-) mixing 

will influence both the conversion and product’s recovery through 

the membranes. It is thus of great importance to study in detail the 

mass transfer and gas mixing inside a micro-structured fluidized bed 

reactor as a function of the operating conditions.  
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Figure 1.4: PIV experimental setup. 

Tracer gas injection and sampling is the conventional technique to 

measure the mass transfer rate in fluidized bed reactors and is also 

applied in this thesis. However, in case of micro-structured fluidized 

beds the tracing sampling can disturb the fluidization and thus a 

detailed understanding can be hampered by the technique itself. 

Moreover, it is difficult to exactly measure the concentration profiles 

inside the bubbles with this technique, while only time-averaged 

concentrations lumped over the bubble and emulsion phases can be 

measured. To overcome these difficulties a novel technique has been 

developed in this thesis that is based on the application of a high 

speed infrared (IR) camera to measure the concentration of CO2 

inside the dilute phase of the bed. The Infrared Imaging technique 

developed in this project allows whole-flow field instantaneous 

measurement of the concentration profile inside the dilute phase of 

gas-solid flows non-invasively and with high spatial and temporal 
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resolution. Moreover, the combination of the IR technique with the 

PIV/DIA technique allows measuring the hydrodynamics and mass 

transfer simultaneously, as illustrated in Figure 1.5. 

 

Figure 1.5: Combined IR/PIV/DIA technique for hydrodynamic and mass 

transfer measurements. 

The newly developed IR technique has been applied to both bubbling 

and turbulent regimes in different reactor configurations and for 

different operating conditions to investigate the mass transfer and 

gas mixing characteristics of micro-structured fluidized beds. 
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1.3 This thesis 

The structure of this thesis is as follows: 

In Chapter 2 the experimental results on the flow regime transition 

from bubbling/slugging to turbulent fluidization are described and 

discussed, using different experimental techniques: (i) the 

conventional pressure drop fluctuation method and (ii) non-invasive 

techniques: high speed camera combined with a novel Digital Image 

Analysis (DIA). The influence of the reactor scale, particle size and 

experimental techniques on the transition fluidization gas velocity 

will be shown. The results of this investigation confirm that the 

micro-structured fluidized bed reactor can be operated in turbulent 

fluidization regime at much lower critical velocities in comparison to 

larger fluidized beds. 

To investigate the influence of gas permeation (both gas addition 

and extraction) on the hydrodynamics of micro-structured fluidized 

beds, Chapter 3 presents the experimental results of the solids 

circulation patterns and gas/bubble properties using coupled 

PIV/DIA over a wide range of operating conditions (such as 

permeation ratio, membrane area, superficial gas velocity). The 

results confirm that the micro-structured fluidized bed can 

circumvent the formation of densified zones if the turbulent 

fluidization regime is selected and lower permeation velocities are 

used. 

Chapter 4 discusses the influence of particle size and bed width on 

the hydrodynamics of membrane-assisted fluidized beds using 

coupled PIV/DIA, investigating both bubbling and turbulent 

fluidization regimes. The results confirm the previous experiments 

presented in Chapter 3 and complete the guidelines for an optimal 
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reactor design (from a hydrodynamic point of view): the guidelines 

suggest constructing very small compartments, using relatively large 

particles (Geldart B) and operating the reactor in the turbulent 

fluidization regime. 

The gas back-mixing behaviour with influence of gas permeation via 

the left and right walls in a small confined membrane fluidized bed is 

quantified and discussed in Chapter 5. The experiment, carried out 

with a traditional tracer gas injection/extraction method, shows how 

the concentration profiles of gas change with gas addition or 

extraction. Indeed, a lower gas back-mixing is obtained if gas is 

extracted through the membrane walls. 

To study the mass transfer from bubble-to-emulsion phase in a 

fluidized bed, a novel optical experimental technique using a high 

speed infrared camera coupled with a visual high speed camera and 

Digital Image Analysis using CO2 as a tracer has been developed and 

is described in Chapter 6. The non-invasively determined, fast 

response, high resolution and whole-flow field concentration profiles 

will be shown. A combined VIS/IR/DIA algorithm has been developed 

to correct for raining particles inside an injected bubble containing 

CO2 into an incipiently fluidized bed with N2, while the thresholding 

and a high pass filter are used to identify and correct the IR images 

for the presence of the particles and their effects (scattering and 

self-reflection) in the turbulent flow regime.  

Finally, Chapter 7 discusses the mass transfer from the bubble-to-

emulsion phase utilizing a single injected bubble of CO2. This new 

technique permits to observe for the first time the evolution of the 

concentration profiles inside a single bubble, which interestingly 

shows that the gas exchange between the bubble and the emulsion 
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phase is dominated by the convection in a first part of the gas 

exchange process and subsequently by diffusion of gas from the 

vortices at the right and left sides of the bubble. The lateral gas 

mixing behaviour in a micro-structured fluidized bed operated under 

both bubbling and turbulent fluidization regimes will be investigated. 

The lateral gas mixing coefficients and mass transfer from bubble-to-

emulsion phase will be evaluated and compared with literature 

results. Micro-structured membrane-assisted fluidized beds optimize 

the volumetric production capacity by maximising the inserted 

membrane areas while reducing the formation of densified zones 

during the extraction of gas, decreasing the extent of gas back-

mixing and enhancing mass transfer and product recovery in 

comparison to the larger membrane-assisted fluidized bed reactors. 
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2 
An experimental investigation on the onset from 

bubbling to turbulent fluidization in micro-

structured fluidized beds 

Abstract 

Membrane-assisted fluidized beds have been investigated for a 

number of industrially important applications. Recently, micro-

structured membrane-assisted fluidized beds have been proposed 

and in particular for efficient hydrogen production in order to 

maximise the volumetric production rate by maximizing the installed 

specific membrane areas. Another important advantage of micro-

structuring became evident from computational studies. CFD 

calculations have shown that micro-structured fluidized beds can be 

operated in the turbulent fluidization regime at much lower 

superficial gas velocities compared to larger fluidized beds (Wang et 

al., 2011). This chapter focuses on an experimental investigation of 

the transition velocity in micro-structured fluidized beds. The 

influence of the reactor scale and the particle diameter on the 
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transition gas velocity from the bubbling to the turbulent fluidization 

regime in micro-structure fluidized beds was measured in a pseudo 

2D column using different experimental techniques: in particular, the 

pressure drop fluctuation measured by pressure sensors and the local 

solids hold-up fluctuation measured by digital image analysis on 

images recorded with a high speed camera. Interestingly, the 

different measurement techniques result in somewhat different 

transition velocities, i.e. the pressure drop fluctuation method 

generated higher critical velocities than the local solids hold-up 

fluctuation method. This difference is discussed in this chapter. The 

experimental results confirmed that micro-structured fluidized beds 

can indeed be operated in the turbulent fluidization regime with 

lower fluidization velocities. 

2.1 Introduction 

Fluidized beds are often classified based on the fluidization regime at 

which they are operated (Grace et al. (1986)). Membrane-assisted 

fluidized beds would be better operated in the turbulent fluidization 

to avoid unnecessary bubble-to-emulsion phase mass transfer 

limitations that could decrease the efficiency of the membrane 

separation, thus requiring more (expensive) membrane area for a 

targeted H2 recovery. Wang et al. (2011) have shown by numerical 

simulations that a micro-structured fluidized bed membrane reactor 

has both the advantages that more membrane area is installed per 

unit of reactor volume, and that the micro-structured reactor can be 

operated in the turbulent fluidization regime with much lower gas 

flow rates compared with larger scale fluidized bed reactors. An 

experimental proof of these findings would drive the research 

towards the development of micro-structured fluidized bed 

membrane reactors because of the anticipated improved mass 
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transfer characteristics. However, some controversies still exist in 

literature as whether the turbulent fluidization regime starts 

immediately after the bubbling regime or at a higher gas velocity. To 

distinguish the difference between the flow regimes, a common way 

is to define a so-called transition or critical velocity. Different 

interpretations of the transition velocity as well as different 

techniques to identify it have been proposed in literature (Wang et 

al. (2011), Grace et al. (1986), Bi et al. (1995) and Chehbouni et al. 

(1994)). Several factors can affect the transition velocity, e.g. the 

particle size, gas and solids properties, total static bed height, 

reactor size, the experimental method used, the way to interpret the 

results as well as the bed geometry (Wang et al. (2011), Bi et al. 

(1995), (2000), Makkawi et al. (2002)). There are several ways to 

explain the mechanism of the transition flow regime: (i) change in 

bubble behaviour where bigger bubbles are replaced by smaller 

bubbles resulting in a more uniform voidage and (ii) the change in 

solids dynamics like the break-up of dispersed bubbles into a more 

continuous and less dense emulsion phase. 

It was thus suggested that different fluidization regimes can exist at 

different positions inside the bed at the same time (Bi et al., 1995). 

For example, the turbulent fluidization can be obtained at a higher 

superficial gas velocity at the bottom of the bed resulting in the 

formation of many small bubbles. In contrast to the bottom part of 

the bed, the turbulent fluidization regime can be obtained at a lower 

superficial velocity at the top part of the bed due to the presence of 

bigger coalesced bubbles that are broken into smaller voids resulting 

in a more uniform fluidization.  

This chapter experimentally investigates for the first time the 

fluidization regime transition in smaller reactors to mimic the micro-
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structured fluidized beds previously studied by Wang et al. (2011). In 

particular, two different experimental techniques, viz. the pressure 

drop fluctuation method and the local solids hold-up fluctuation 

method have been used and the results will be compared. The local 

solids fraction inside the fluidized beds has been measured non-

invasively via Digital Image Analysis on images recorded with a high 

speed camera. The solids hold-up distribution in the whole flow field 

and the bubble size distribution have been investigated in great 

detail. 

2.2 Experimental setup 

Three pseudo-2D fluidized bed columns with 80, 40 and 20 mm 

width, 600 mm height and 10 mm depth were constructed and used 

in this experimental work (see Figure 2.1). The front walls were 

made of transparent glass for optical access (required for image 

recording), while the black back walls were made of black anodized 

metal to obtain a good contrast between the particle and gas phases. 

The distributors were made of porous metal with an averaged pore 

size of 10 µm and 3 mm thickness. Two types of glass beads with a 

particle size distribution within dp = 400-600 µm and dp = 100-200 

µm, ρp = 2525 kg.m
-3

 were used (Geldart B classification). A minimum 

fluidization velocity of 0.21 m.s
-1

 and 0.020 m.s
-1

 was measured by 

the standard pressure drop method for two different particle sizes 

respectively. The fluidization gas (air for all the experiments) flow 

rate was controlled by digital mass flow controllers (MFC- Bronkhorst 

B.V), range 10-200 l.min
-1

, depending on the fluidized bed size and 

particle diameter used. To avoid electrostatic attraction between the 

walls and particles, air was humidified up to 60-70% relative 

humidity by passing the feed through a bubble column before 

feeding to the fluidized beds.  
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The fluidized beds were illuminated by LED lamps placed at the 

proper positions to avoid reflections. The images were recorded by a 

CMOS high speed camera (Lavision 2016x2016 pixels resolution at 

fmax = 1600 Hz), equipped with a 50 mm and a 200 mm lens, 

depending on the particle size used, to achieve a good resolution 

required for digital image analysis (at least 2 pixels per particle 

diameter). A frequency of 20 Hz and an exposure time of 0.15 ms 

were set for the camera. The images were recorded and stored in 

the memory of the camera (4 GB) and transferred to the memory of 

the PC. About 5000 images were used in each series of the 

experiment to achieve good time-averaged results. 
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Figure 2.1: Experimental setup with the three different fluidized beds: 80 

mm, 40 mm and 20 mm bed widths from the left to right hand side. 

2.3 Experimental techniques 

2.3.1 Pressure drop fluctuation 

The pressure fluctuation method is the most commonly used 

technique that has been used to measure the transition velocity in 

gas-solid fluidized beds (Wang et al. (2011), Grace et al. (1986), Bi et 

al. (1995), Bai et al. (1996)). The pressure drop fluctuation can be 

measured either by the absolute pressure fluctuation or by the 

differential pressure fluctuation. The absolute pressure fluctuation 

method refers to the measurement of the pressure fluctuations at a 
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single location along the axial direction, while the differential 

pressure method determines the transition velocity by measuring 

the fluctuations in the pressure difference between two different 

axial locations. In this study, several pressure sensors, purchased 

from Sensortechnics (±0.2 mbar), were positioned at different axial 

positions in the bed from the back wall of each column. The tips of 

the sensors were covered by filters to avoid particle blockage and 

connected to amplifiers for signal amplification. The outputs from 

the amplifiers were connected to a data acquisition box. Before 

using, the pressure probes were calibrated at several different 

pressures to ensure the outputs correctly represent the 

measurements. Data were recorded with a recording rate of 200 Hz 

for a period of 120 s. 

2.3.2 Local solids hold-up fluctuation method 

The local solids hold-up (or bed voidage) fluctuation is another 

method that has been used to determine the local transition velocity 

from the bubbling to the turbulent flow regime (Wang et al. (2011), 

Bi et al. (1995, 2000), Makkawi et al. (2002)). It has usually been 

indicated as the “local” onset measurement, as it provides 

hydrodynamic information at the measured position only. Several 

experimental techniques can be used to measure the solids hold-up 

(or porosity) such as reflective-fibre optical techniques (Kuipers et al. 

(1992)), capacitance probes (Chehbouni et al. (1994)), fiber optic 

probes (Zhu et al. (2008)) or Electrical Computer Tomography 

(Makkawi et al. (2002)). 

In this work, an advanced DIA algorithm was applied to detect 

particles from recorded 2D images (taken with the high speed 

camera), based on the pixel intensity, where the lowest pixel 
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intensity refers to gas phase and the highest intensity corresponds to 

the solids phase. The DIA algorithm was started by importing the 

recording images from the high speed camera. Due to the 

inhomogeneous illumination, overexposed particles and background 

disturbances were corrected. The images were subsequently 

normalized with a local filter of 9x9 pixels and the intensity was 

scaled from 0 to 1 where the value of 1 represents the brightest 

particles and 0 for the gas phase. The averaged intensity over the 

‘interrogation’ areas (32x32 pixels) represented the local apparent 

solids fraction (two dimensional solids fraction).  

To calculate a 3D solids hold-up from the 2D intensity fields, a 

correlation was developed using artificial images generated from 

Discrete Element Model (DEM) simulations with the same gas and 

solids properties as well as bed geometry of the experimental 

configuration. The determined correlation between the 2D solids 

fraction and 3D particle volume fraction is shown in Figure 2.2.  

Figure 2.3 shows the results of the DIA for a representative 

simulation. More details on this technique can be found in the work 

of van Buijtenen et al. (2010). 

The relationship between ε
2D

 and ε
3D

 is given by eqn. (2.1) 
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where A and B are two parameters determined from the fitted curve 

in Figure 2.2, which depend on the particle sizes and the depth of the 

beds. For this work, A = 0.033 and B = 0.976.  
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Figure 2.2: The relationship between the 2D solids fraction and the 3D 

solids volume fraction (obtained from DEM simulations with the same 

conditions as the experiments). 

 

Figure 2.3: DIA results for a typical simulation: Synthetic image (a), 2D 

solids fraction (normalized intensity field) (b), 3D solids volume fraction 

using the correlation from the DEM simulations. 

In the next step of the DIA algorithm, the 3D solids hold-up was used 

to discriminate between the bubble and emulsion phases. If the 

solids hold-up intensity was below a threshold, the pixel is assigned 

to the bubble phase, and otherwise to the emulsion phase. A 
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threshold value of 0.15 was used in the present work. Then adjoining 

pixels previously labelled as bubble phase are considered as part of a 

single bubble. The equivalent bubble diameter was defined by eqn. 

(2.2).  

 
4 b

b

A
d

π
=      (2.2) 

Finally, the bubble size distribution as a function of the lateral 

positions at different axial positions in the bed was performed by 

averaging the number of bubbles crossing the cross-section at each 

axial position. Figure 2.4 shows the bubble detection steps and the 

equivalent bubble diameter computed via eqn. (2.2). 

 

                      (a)                                     (b)                          (c) 

Figure 2.4: 3D solids hold-up distribution (a) bubble detection result (b) and 

equivalent bubble size (c). In this study a threshold value of 0.15 was used 

for the bubble detection. 



2 Onset from bubbling to turbulent regime in Micro-Fluidized Bed Reactors 

 

27 

 

2.4 Results and discussion 

First, the results on the transition velocity measured by both the 

pressure fluctuation and the local solids hold-up methods in a 40 mm 

wide column with a static bed height of 80 mm are presented and 

discussed. The measurements using above described methods were 

performed at the same positions in the centre of the beds.  

Subsequently, the influence of the total bed height, particle diameter 

and column width on the critical velocities is investigated. The 

bubble size distribution and the time-averaged solids holdup 

distribution when operating at different superficial gas velocity are 

presented and discussed. 

2.4.1 Transition velocity by the absolute and differential 

pressure drop fluctuation method 

Figure 2.5 shows the standard deviation of the absolute pressure 

fluctuation (APF) at the lateral centre of the 40 mm bed, filled with 

glass beads (dp = 400-600 µm) with a  static bed height of 80 mm. 

The measurements were performed at three different axial locations 

45, 60 and 90 mm from the gas distributor. It can be seen that at low 

gas velocities (slightly above the minimum fluidization velocity Umf) 

the pressure fluctuations are very small, indicating that only very 

small heterogeneous structures are formed. An increase in the gas 

velocity results in bubble formation and bubble coalescence causing 

increased heterogeneities, which increases the standard deviation in 

the pressure drop. The standard deviation in the absolute pressure 

drop fluctuation continues to increase and passes through a 

maximum value, corresponding to the onset velocity from bubbling 

to turbulent fluidization. At this velocity, the averaged bubble size 

reaches its maximum. A further increase in the gas velocities causes 
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the bigger bubble to break up into smaller voidages and creates a 

dispersed gas/continuous solids phase. Figure 2.5 shows that the 

position of the maximum deviation in the absolute pressure 

fluctuation (and thus the transition velocity) depends on the 

“pressure probe” location above the distributor, although the 

difference is rather small: the measured critical velocities vary 

between 1.25 and 1.35 m.s
-1

. In an early work by Yerushalmi et al. 

(1979) another critical velocity, Uk, was defined corresponding to the 

velocity at which the pressure fluctuation levels off (beginning of the 

plateau), as an onset of fast turbulent fluidization. In our current 

experimental facility, it is very difficult to determine Uk due to the 

strong particle entrainment at a superficial velocity above 2.5 m.s
-1

. 

As it is accepted that turbulent fluidization starts at Uc and ends at Uk 

(Bi et al. (1995)), in this chapter, only Uc is discussed. It should be 

noted that the higher the axial position in the bed, the lower the 

fluctuations in the pressure measurements, which is related to the 

fact that at lower axial positions in the bed more fluctuations are 

registered because the amount of solids above this position is higher. 

To filter out the effect of the axial position, a different pressure 

measurement can be used. 
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Figure 2.5: Transition velocity in 40 mm bed width H0 = 80 mm using 

absolute pressure fluctuation measurement. 

 

Figure 2.6: Transition velocity in 40 mm bed width and H0 = 80 mm using 

different pressure fluctuation. 

The critical gas velocity measurement by the differential pressure 

fluctuation (DPF) method was carried out by measuring the 
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differential pressure between two points in the axial direction. As 

evident from Figure 2.6, the standard deviations in the fluctuations 

of the different pressure differences are now much closer to each 

other and also the difference between the three critical velocities 

measured are smaller. However, it can be inferred that the value of 

the critical velocity slightly depends on the distance between the two 

probes and the axial positions where the probes were located (see 

also Chehbouni et al. (1994)) but the difference is not very 

pronounced. Compared to the APF method, the two methods 

approximately produce the same value for the critical velocity. 
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Figure 2.7: The spectrum of absolute pressure fluctuation measured in 40 

mm bed width for bubbling fluidization (top row), transition flow regime 

(middle row) and turbulent fluidization (bottom row). Amplitude shown on 

the right side in [Pa]
2
 unit. 
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To better understand the change in the pressure fluctuation in the 

different flow regimes in the fluidized bed, the absolute pressure 

fluctuations during a time internal of 10 s are  plotted for the 

bubbling, transition from bubbling-to-turbulent and turbulent 

fluidization (Figure 2.7, top to bottom). Fast Fourier transforms were 

applied to each case (Figure 2.7, right side) to further inspect the 

difference in the pressure fluctuation among the different regimes.  

Differences in the wavelet of each case can clearly be seen. At the 

bubbling regime (Figure 2.7-top row) the pressure fluctuated 

relatively regularly and smoothly which leads to a main peak at a 

frequency of around 2.5 Hz. This can be explained by considering 

that the bed in this condition consists of dispersed bubbles in a 

continuous emulsion phase. The pressure disturbance is related to 

the passing of bubble above the probe. Near the critical velocity, 

when the transiting from the bubbling to the turbulent regime 

occurs (Figure 2.7-middle row), the pressure highly fluctuates. There 

is no main frequency of the pressure fluctuation although it appears 

that the most common fluctuations have frequencies above 10 Hz. In 

the turbulent regime (Figure 2.7-bottom row) the fluctuations are 

less regular compared to those prevailing in the bubbling regime, 

and most of the pressure fluctuations happen at a frequency of 

around 5 Hz.   

2.4.2 Transition velocity by the local solids hold-up 

fluctuation method 

The measurement of the critical velocity based on the local solids 

hold-up method measured in the lateral centre of the bed, at 45, 60 

and 90 mm above the distributor of the 40 mm column and a static 

bed height of 80 mm is shown in Figure 2.8. The experimental data 

shows that at a lower gas velocity, a dense emulsion phase is 
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present; an increase in the fluidization gas velocity rapidly increases 

the bubble hold-up in the bed and increases the bed expansion, 

which results in a decrease of the solids hold-up inside the bed. At a 

gas velocity of about 0.8 m.s
-1

, the standard deviation in the solids 

hold-up fluctuations reaches a maximum value, corresponding to a 

maximum bubble fraction in the emulsion phase. A further increase 

in the gas velocity only slightly decreases the solids hold-up, while a 

continuous (less dense) gas-solids is produced. As described by 

Chehbouni et al. (1994), Zhu et al. (2008) and Wang et al. (2011), the 

Uc value is marked at the fluidization value where the slope of the 

curve representing the solids hold-up (or bed voidage) changes its 

value or where the standard deviation in the solids hold-up passes 

through its maximum value. Applying this definition, from Figure 2.8, 

it can be estimated that the critical velocity is about 0.8 m.s
-1

. Figure 

2.9 reports the time-averaged solids hold-up distribution in the 

fluidized bed for the different flow regimes. It can be observed that 

the averaged solids hold-up decreases when operating the bed at 

higher superficial gas velocities, while the bed height progressively 

increases. Moreover, even at a higher gas velocity, the solids hold-up 

at the bottom is still higher than at the top position (εs ≈ 0.25 at Z = 

45 mm and εs ≈ 0.16 at Z = 90 mm). 
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Figure 2.8: Local solids hold-up as a function of the superficial gas velocity 

in the 40 mm column, H0 = 80 mm, Ug = 0.75 m/s, dp = 400-600 µm, ρp = 

2500 kg.m
-3

. 
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Figure 2.9: Time-average solids hold-up distribution in 40 mm column, H0 = 

80 mm, Ug = 0.75 m/s, dp = 400-600 µm, ρp = 2500 kg.m
-3

 at different flow 

regimes: bubbling (a), transition (b) and turbulent (c). 

Also in this work it has been found that the transition velocity 

measured by the pressure drop fluctuation method is much higher 

than the local solids hold-up fluctuation method, confirming the 

findings from CFD simulations (Wang et al. (2011)) and the 

experiments by Bi et al. (2000) and Makkawi et al. (2002). This 

difference is related to the differences in physical quantities 

measured. The pressure drop fluctuation method detects in 

particular the change in the bubble phase behaviour; whereas the 

local solids hold-up fluctuation method reflects changes in the solids 

behaviour. From the two measurement methods, the transition 

velocity can be estimated at 0.8-1.3 m.s
-1

. 
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Figure 2.10: Standard deviation of the absolute pressure fluctuation as a 

function of the gas velocity in the 40 mm column (H0 = 40 mm, dp = 400-

600 µm). 

The influence of the solids bed height on the transition velocity was 

evaluated by comparing the previous results with measurements in 

the same column in which the total static bed height was H0 = 40 mm 

(see Figure 2.10). The measurements were carried out at Z = 15, 25 

and 45 mm from the bottom distributor.  With decreasing the bed 

height, the standard deviation of the pressure drop fluctuation 

decreased and Uc shifts to a lower value. Comparing the 

experimental data at the same axial position from the distributor (Z = 

45 mm); the case with H0 = 80 mm results in Uc = 1.3 m.s
-1

 while a 

slightly lower value Uc = 1.1 m.s
-1

 is obtained for the case of H0 = 40 

mm. This is probably related to the bubble properties; as a small bed 

width is used, the higher the static bed height, the higher the 

possibility for the bubbles to grow to the bed width with consequent 
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slugging behaviour. However, the two determined transition 

velocities do not differ much. 

2.4.3 Influence of bed sizes on the onset velocity 

The influence of the bed size on the transition velocity was evaluated 

in fluidized beds with different bed width and is shown in Figure 2.11 

and Figure 2.12 for two different particle sizes. These measurements 

have been carried out to confirm earlier CFD results presented by 

Wang et al. (2011), who reported that smaller beds have a lower 

transition velocity. The measurements reported in Figure 2.11 and 

Figure 2.12 were carried out at 45 mm from the distributors. The 

results clearly indicate that the reactor size plays an important role 

on the transition velocity with indeed a decrease in the transition 

velocity for columns with a smaller bed width. This experimental 

investigation thus fully confirms the CFD simulations performed by 

Wang et al. (2011). The simulations were carried out even in much 

smaller reactor sizes (2 to 6 mm bed width) reporting Uc values of 

one order of magnitude lower compared to the Uc of much bigger 

reactors. The possibility to operate small beds in the turbulent 

regime with low superficial gas velocities could be a significant 

advantage of micro-structured fluidized beds over bigger fluidized 

beds. Using micro-structured fluidized beds (either with inserts or 

membranes immersed in the beds) it will be possible to enhance the 

mass transfer and thus avoid a large amount of expensive reactants 

by-passing at the outlet or concentration polarization. 
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Figure 2.11: Standard deviation of the absolute pressure fluctuation as a 

function of the superficial gas velocity in columns with a different bed 

width 20 mm, 40 mm, 80 mm with a particle size dp = 400-600 µm. 

 

Figure 2.12: Standard deviation of the absolute pressure fluctuation as a 

function of the superficial gas velocity in columns with a different bed 

width 20 mm, 40 mm, 80 mm with a particle size dp = 100-200 µm. 
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Figure 2.13: Local solids hold-up (top) and the standard deviation in the 

solid hold-up (bottom) at 60 mm above the distributor as a function of the 

superficial gas velocity in 20, 40 and 80 mm column, H0 = 80 mm, Ug = 0.75 

m/s, dp = 400-600 µm, ρp = 2500 kg.m
-3

. 

The local solids hold-up at a location 60 mm from the distributor for 

three different column sizes were measured and shown in Figure 

2.13. The solids hold-ups started changing its slope (or the standard 

deviation reached its maximum value) at Ug ≈ 0.8 m.s
-1

. Interestingly, 

this transition velocity was independent (within the experimental 

uncertainties) of the reactor size and even much lower than the 

critical velocity obtained from the pressure drop fluctuation method 

(Bi et al. (2000)). In our experiment (Wbed = 80 mm, Ho = 80 mm), the 

solids hold-up εg ≈ 0.15-0.25 denotes the onset velocity, while the 

slightly higher value εg ≈ 0.35 was found by Bai et al. (2006). This 

difference could be due to the solids hold-up method itself as it 
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measures the local solids transition velocity which only corresponds 

to the value at the measured position. Makkawi et al. (2002) 

recommend using the averaged solids hold-up in a certain bed height 

which may correspond to a better estimate of the transition velocity. 

However, in order to validate with earlier findings from CFD 

simulation by Wang et al., the solids hold-up fluctuations at the 

lateral centre were considered in this work. 
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Figure 2.14: Time-average solids hold-up distribution in different reactor 

scale in bubbling (top row) and turbulent (bottom row) fluidization, the 

static bed height H0 = 80 mm for 80 mm bed width (a), 40 mm bed width 

(b) and 20 mm bed width (c), dp = 400-600 µm. 

The time-averaged solids hold-up distribution in the bubbling (Ug = 

0.75 m.s
-1

) and the turbulent fluidization regime in beds with 

different sizes (Ug = 2.0 m.s
-1

) are shown in Figure 2.14. Clearly, a 
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dense phase is present in the bubbling regime while a more dilute 

phase is observed for the turbulent regime. However, the smaller the 

bed width, the more homogeneous the solids distribution confirms 

the previous observation and the CFD calculations. 

 
(a) 

 
(b) 

Figure 2.15: Influence of the fluidized bed sizes on the transition velocity 

for two different particle sizes dp = 400-600 µm and dp = 100-200 µm. 
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Figure 2.16: Comparison of the transition velocity Uc from experiment with 

correlations from literature. 

Figure 2.15 summaries the determined Uc value as function of both 

the particle size and reactor width, and presents a map of flow 

regimes for the fluidized bed. For velocities above Uc, the bed is 

operated in the turbulent regime, otherwise in the bubbling regime. 

It can be seen that, for both particle sizes, a decrease in the bed 

width results in a decrease in the critical velocity. However, this 

effect is only pronounced for the larger particles used. In addition, 

Figure 2.15b plots the influence of the column size on the critical 

velocity in terms of Uc/Umf. Because the minimum fluidization gas 

velocity is much higher for larger particles (Umf = 0.21 m.s
-1

 and 0.02 

m.s
-1

 for dp = 400-600 µm and dp = 100-200 µm, respectively), the 

ratio Uc/Umf is much higher for the smaller particles: Uc/Umf ≈ 5-8 for 

dp = 400-600 µm, whereas Uc/Umf ≈ 22-30 for dp = 100-200 µm.  
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Table 2.1: Literature correlations for critical velocity. 

Leu et al. 

(1990) 

0.578Re 0.568
c

Ar=  Absolute pressure 

fluctuation 

Bi and Grace 

(1995) 

0.45Re 1.24
c

Ar=     Different pressure 

fluctuation 

Bi and Grace 

(1995) 

0.46Re 0.57
c

Ar=  Absolute pressure 

fluctuation 

Ellis et al.(2004) 0.742Re 0.371
c

Ar=  Absolute pressure 

fluctuation 

Yang and Leu 

(2008) 

0.487Re 0.837
c

Ar=  Absolute pressure 

fluctuation 

Finally, Figure 2.16 compares the transition velocity experimentally 

determined in this work with different correlations taken from 

literature (Table 2.1). For both particle size used, the experimental 

critical velocity determined in this study matches very well with the 

correlation by Bi et al. (1995), while other correlations strongly 

overestimate the transition velocity. The correlation by Bi et al., 

(1995) is thus proposed to extrapolate the transition velocity to 

different conditions compared with the ones experimentally 

validated in this work. 

2.5 Conclusions 

Two different experimental methods viz. the pressure drop 

fluctuation and the local solids hold-up fluctuation method (using 

digital image analysis on images recorded with a high speed CMOS 

camera) were applied to measure the transition velocity from 

bubbling-to-turbulent fluidization in small scale fluidized beds. The 

effect of the column width and the particle size on the transition 

velocity was investigated. Experimental results showed that when 
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relatively large particles were used, the reactor size (bed width) has a 

great influence on the determined Uc value, where the smaller the 

reactor size, the lower the Uc value. However, this effect is much less 

pronounced when the smaller particles were used. With the local 

solids hold-up fluctuation method, the determined transition 

velocities were somewhat lower than those determined via the 

pressure drop methods, related to the fact that the first method 

responds particularly to changes in the solids behaviour, whereas the 

latter reflects particularly changes in the bubble behaviour.  

The experimental results in this study are in good agreement with 

the prediction reported by Bi et al. (1995). These results not only 

validate the findings of Wang et al. (2011) who concluded from CFD 

calculations the possibility to operate fluidized beds in the turbulent 

regime at much lower velocities when decreasing the bed width, but 

also give an indication that micro-structured fluidized beds could 

offer significant advantages over larger scale reactors because of 

their anticipated improved mass transfer characteristics of turbulent 

fluidization.  

Nomenclature 

Ar:  Archimedes number 
( )3

2

p g p g
d g

Ar
ρ ρ ρ

µ

−
=   

Re: Particle Reynolds number Re
c p g

c

g

U d ρ

µ
=   

dp: Particle diameter [µm] 

APF: Absolute pressure fluctuation [Pa] 

DPF: Differential pressure fluctuation [Pa] 
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Ho:  static bed height [mm] 

μg: viscosity of gas [Pa.s] 

ρg, ρp: Density of gas and solids [kg.m
-3

] 

Uc: Critical velocity from bubbling to turbulent [m.s
-1

] 

Uk: Critical velocity from turbulent to fast fluidization [m.s
-1

] 

Ug: Superficial gas velocity [m.s
-1

] 

Umf: Minimum fluidization gas velocity [m.s
-1

] 

Rec: Reynolds number at the critical velocity [m.s
-1

] 

ε
2D

 and ε
3D

: Apparent 2D solid hold up and 3D solid volume fraction 

[-] 

Z: Axial position [mm] 
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3 
Micro-structured fluidized bed membrane reactors: 

Solids circulation and densifized zone distribution 

Abstract 

This chapter reports an experimental investigation on the 

hydrodynamics of a novel membrane-assisted micro-structured 

fluidized bed (MAmFB) operated in bubbling and turbulent flow 

regimes. The effects of gas addition and gas extraction through flat 

porous membranes confining the fluidized bed, on the bubble size 

distribution; solids hold-up distribution and solids circulation patterns 

have been evaluated using the combination of two non-invasive 

techniques, viz. Particle Image Velocimetry (PIV) and Digital Image 

Analysis (DIA). The experimental results show that the micro-

structured fluidized bed membrane reactor improves the solids 

circulation compared with bigger size membrane reactors where the 

extraction of gas results in parts of the bed that are completely 

defluidized and stagnant at the membrane walls. However, also in 

case of small reactors great care has to be paid to the gas extraction 

velocity relative to the fluidization velocity. All the results indicate 

that the amount of densified zones (zones where solids lumps with a 
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local solids hold-up close to the maximum solids packing have a much 

lower velocity than the rest of the emulsion phase) can be reduced 

drastically by working in the turbulent fluidization regime with a 

relatively low gas extraction velocity. This study indicates that actual 

state-of-the-art membranes can be used in the turbulent regime 

without the formation of densified zones, thus avoiding additional 

mass transfer resistances (concentration polarization).  

3.1 Introduction 

As introduced in Chapter 1, fluidized bed membrane reactors can 

circumvent external mass transfer limitations that adversely affect 

the performance of packed bed membrane reactors to a large 

extent, the volumetric production capacity in fluidized bed 

membrane reactors is limited by the relatively low permeation rate 

through the membranes (provided that the catalytic activity is 

sufficiently high).  

There are two ways to improve the membrane permeation, namely i) 

decreasing the thickness of the membranes and thereby increasing 

the membrane permeability and ii) increasing the number of 

membranes installed per unit volume of the reactor.  

Decreasing the thickness of the membranes to increase the 

permeation flux has a clear limitation. For instance for Pd-based 

hydrogen perm-selective membranes the lower limit of the thickness 

for stable membranes has apparently been reached as membranes 

as thin as 0.1-1 micron are nowadays available on the market 

(Gallucci et al. (2010)). It is not foreseen that thinner membranes can 

be produced without compromising the membrane perm-selectivity 

or stability (lifetime). For oxygen selective membranes there is 

always a compromise between flux and stability. On the other hand, 
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de Jong et al. (2011) have experimentally demonstrated that also in 

fluidized bed membrane reactors using membranes with an 

enormously high permeation flux densified zones close to the 

membranes may be formed, which would most probably induce 

strong bed-to-membrane mass transfer limitations. 

The second option (installing more membranes per unit of volume) 

seems to be the only reasonable way to overcome flux limitations.  

Installing more membrane area (thus more membranes) will 

drastically reduce the space between membranes where the catalyst 

is suspended in fluidization. For instance using planar membranes 

(Botero et al. (2008)) close to each other would result in a small 

compartment that can be seen as a “micro-structured” fluidized bed 

membrane reactor as theoretically studied by Wang et al. (2011). 

Their simulation study has also elucidated that in these small 

confinements the turbulent fluidization regime (with anticipated 

improved mass transfer characteristics) can be achieved at lower 

superficial gas velocities. 

Although these novel micro-structured fluidized bed membrane 

reactors seem to answer all the requirements for the perfect 

intensified reactor, a few important questions still remain 

unanswered. Is it indeed possible to overcome all the external mass 

transfer limitations in these small compartments even in case a large 

amount of gas is extracted through the membranes? Is it possible to 

operate the small reactors in the turbulent regime in order to 

circumvent the detrimental formation of densified zones observed 

previously in large scale reactors (de Jong et al. (2011))? And finally, 

is it possible to operate these reactors with state-of-the-art 

membranes without inducing mass transfer limitations (due to 

densified zones)?  
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To answer these questions and to give guidelines for the design and 

operation of fluidized bed membrane reactors, in this chapter a 

detailed experimental investigation has been carried out on the 

hydrodynamics of small membrane-assisted fluidized beds operated 

in both the bubbling and the turbulent fluidization regimes where 

the gas is added or extracted through two opposed vertical 

membranes confining the fluidized suspension.  First the 

experimental setup and techniques are shortly described.  

3.2 Experimental methods and setup 

In this chapter the hydrodynamics of a small membrane-assisted 

fluidized bed reactor have been studied with a combination of 

Particle Image Velocimetry (PIV) and Digital Image Analysis (DIA). 

This technique has been selected for two main reasons: i) PIV/DIA is 

currently the only technique able to give detailed whole-field 

information on both gas (bubble) phase and emulsion phase with 

high spatial and temporal resolution (Westerveel (1997) and 

Laverman et al. (2008)) which allows the determination of solid flux 

profiles and bubble properties simultaneously; ii) it is a non-intrusive 

technique; the fluidized bed is very small and only a small amount of 

gas is fed into/extracted from the fluidized bed, thus any probe 

inserted in the bed would irremediably disturb the fluid dynamics of 

the bed. The downside of the selected experimental technique is 

that visual access is required and thus only pseudo 2D beds can be 

studied effectively. For comparison, some other available 

experimental techniques are listed in Table 3.1 
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Table 3.1: Overview of the experimental techniques often used to study fluidized beds 

Experimental 

Technique 

Quantitative 

measured 

Intrusive Advantage Disadvantage Type of 

bed 2D/3D 

Reference 

Reflective-fiber 

optical technique 

porosity 

distribution 

Yes Low cost, easy 

to handle 

Single point 

measurement 

2D Kuipers et al. 

(1991) 

Reflective-fiber 

optical technique 

solids fraction Yes Low cost, easy 

to handle 

Single point 

measurement 

3D Zhu et al. (2008) 

Reflective-fiber 

optical technique 

particle velocity 

distribution 

Yes Low cost, easy 

to handle 

Single point 

measurement 

3D San Jose et l. 

(2007) 

Electrical 

capacitance 

tomography 

Voidage 

distribution 

No Good 

temporal 

resolution 

Low spatial 

resolution 

3D Fasching et al. 

(1991), Halow et 

al. (1993) 

X-ray and gamma-

ray Tomography 

Voidage 

distribution 

No Good spatial 

resolution 

Low temporal 

resolution, cost, 

safety issues 

3D Kumar et al. 

(1995), Mudde et 

al. (1999). 

Position Emission 

Particle Tracking 

solids motion No Good spatial 

and temporal 

resolution 

Cost, safety 

(radioactive 

particles required) 

3D Parker et al. 

(1997), Link et al. 

(2005) 
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In this work, in order to determine the 3D-particle volume fraction 

from the 2D (image intensity) pictures, a correlation was developed 

using artificial images created from Discrete Element Model (DEM) 

simulations with the same gas and solids properties as well as 

geometry of the used experimental bed following the same 

procedure described in previous works (de Jong et al. (2012)). For 

more information, the interested reader is also referred to Appendix 

A1.  

 

Figure 3.1: Experimental setup with a pseudo-2D membrane-assisted 

fluidized bed; a high speed camera is used to record the images for PIV-

DIA. Pressure sensors are located in the centre of the bed at different axial 

locations for pressure drop fluctuation measurements. Camera stand and 

column size are not in the same scale. 

An experimental setup has been designed and built to be able to 

investigate the hydrodynamics in small-scale membrane reactors. A 

schematic representation of the membrane-assisted micro-
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structured fluidized bed (80 x 10 x 600 mm
3
) is given in Figure 3.1. 

The front wall is made of transparent glass that enables visual access 

to the bed (required by PIV) while a black back wall made of 

anodized aluminium is used to have a good contrast between the 

particle and gas phases (and it also helps in reducing electrostatic 

charging of the particles). The distributor is a porous metal plate with 

an averaged porous size of 10 µm and 3 mm thickness. The same 

material is used in both left and right walls as porous “membranes” 

where air can be added or extracted. Glass beads with a particle size 

distribution of dp = 400-600 µm and density ρp = 2500 kg.m
-3

 have 

been used as bed material showing Geldart B type fluidization. The 

minimum fluidization velocity was measured as 0.21 m.s
-1

 (see 

Chapter 2) by the pressure drop method. The particle size may be 

considered as large for the small fluidized bed, this particle size was 

selected on the basis of CFD simulation results that have indicated 

that because of the effect of the particle size, bigger particles would 

be preferred in membrane-assisted fluidized beds. The effect of 

particle size will be further studied in Chapter 4. The bed is fluidized 

with air controlled by a digital mass flow controller (MFC- Bronkhorst 

B.V) range 50 l.min
-1

. In order to avoid electrostatics between the 

walls and particles, air is humidified up to 60-70% relative humidity 

before feeding to the column. At the left and right sides, two MFCs 

of 10 l.min
-1

 are installed to add pressurized air for gas addition tests. 

Two other MFCs of 10 l.min
-1

 working under vacuum (and connected 

with two vacuum pumps) are used to extract the air from both sides 

of the column for gas extraction experiments.  

The fluidized bed is illuminated by several LED lamps placed at 

proper positions in front of the bed to avoid reflection. The images 

were recorded by a CMOS high speed camera from Lavision (2016 x 

2016 pixels at 1250 Hz), equipped with a 50 mm lens. An external 
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function generator is used to send the trigger to the camera for a 

proper delay time between two images of a pair. The resolution used 

for the experiments was of 2.4 pixels per particle resulting in the size 

(336 x 2016 pixels) for each image. The frequency of 20 Hz and 

exposure time of 0.15 ms generates an image pair with 500 µs of 

delay time. The recorded images were stored in the memory of the 

camera (4 GB) and subsequently transferred to the memory of the 

PC. 

In each fluidization flow regime, the experiments were divided into 

two sets: during the first test series a constant background 

fluidization gas velocity was used while changing the total amount of 

gas addition/extraction. For the second set a constant outflow gas 

flow rate was used while varying the background fluidization gas 

flow rate to match the selected gas permeation ratio. All 

experimental conditions used have been summarized in Table 3.2 in 

which both the membrane length at the both sides and the static 

bed height were kept at 80 mm. In the following sections the 

reference case indicates an experiment with no gas addition or 

extraction from the side walls. The selection of the extraction gas 

flow rate (up to 40% of the inlet flow rate) is related to the actual 

membrane permeation rates achievable in hydrogen membrane 

reactors. As described in a recent review (Gallucci et al. (2013)), the 

permeation gas velocity of the best (in terms of fluxes) membranes 

investigated in literature and produced by SINTEF (with a permeance 

of 1500.10
-8

 mol.m
-2

.s
-1

.Pa
0.5 

at 400 °C) if operated at 600
o 

C and 

different pressures at the retentate and permeate sides of 30 and 1 

bar respectively, would result in an extraction gas velocity around 

0.12 m.s
-1

 and would even further increase when increasing the 

pressure difference. Our selected experimental conditions with 

extraction gas velocities of 0.15 and 0.40 m.s
-1

 (Table 3.2) are thus in 
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the same order of magnitude as anticipated with actual modern 

hydrogen perm-selective membranes. Thus, these experiments 

provide a good insight into the effect of gas permeation on the 

hydrodynamics of membrane-assisted micro-structured fluidized bed 

reactors. It is noted that the experiment 80% + 20%
(*)

 indicates that 

80% of the total gas fed is fed via the bottom distributor while 20% gas is 

added via the left and right walls. 
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Table 3.2: Operating conditions used in the experiments. 

Fluidization 

Flow regime 
Measurement 

label 

  

           Background  Gas velocity at the membrane Total outlet superficial gas velocity 

              

% [m.s
-1

]           %     [m.s
-1

]          % [m.s
-1

] 

 Reference 100 0.75 0 0  100 0.75 

 80+20% 
(*) 

80 0.60 10 0.075 100 0.75 

Bubbling 60+40% 60 0.45 20 0.150 100 0.75 

 120-20% 120 0.90 10 -0.075 100 0.75 

 140-40% 140 1.05 20 -0.150 100 0.75 

 100+20 100 0.75 10 0.075 120 0.9 

 100+40 100 0.75 20 0.150 140 1.05 

 100-20% 100 0.75 10 -0.075 80 0.60 

 100-40% 100 0.75 20 -0.150 60 0.45 

 Reference 100 2.00 0 0  100 2.00 

 80+20% 80 1.60 10 0.20 100 2.00 

Turbulent 60+40% 60 1.20 20 0.40 100 2.00 

 120-20% 120 2.40 10 -0.20 100 2.00 

 140-40% 140 2.80 20 -0.40 100 2.00 

 100+20 100 2.00 10 0.20 120 2.40 

 100+40 100 2.00 20 0.40 140 2.80 

 100-20% 100 2.00 10 -0.20 80 1.60 

 100-40% 100 2.00 20 -0.40 60 1.20 
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3.3 Results and discussion 

In this section the most representative results are reported in order 

to answer the research questions highlighted in the introduction. 

More results confirming the findings discussed here can be found in 

Appendix A1. 

3.3.1 Is it possible to operate small fluidized bed 

membrane reactors avoiding densified zones? 

In these first experiments we verified whether also small membrane-

assisted fluidized beds suffer from the formation of densified zones 

as was observed for larger packed beds by de Jong et al. (2011). In 

Figure 3.2 the results of experiments with gas addition and gas 

extraction on the solids hold-up and solids circulation patterns are 

reported for a case of constant inflow. In the top row images (Figure 

3.2A) it can be noted that for the reference case, the solids hold-up is 

higher near the walls, as expected by the fact that bubbles are 

growing and moving towards the centre of the bed, while the solids 

dragged by bubbles in the centre of the bed are descending near the 

walls of the bed. For the gas extraction cases, a higher solid holdup 

close to the membrane walls compared to the reference case is 

observed. These densified zones are more enlarged if more gas is 

extracted (see 100%-40% case). It is interesting to see that the 

extraction of gas has two more effects on the hydrodynamics of the 

bed: firstly the averaged expansion of the bed height is decreased 

and secondly the number of bubbles is decreased as well, due to the 

formation of elongated bubbles (as explained in the following 

sections). In contrast to gas extraction, the addition of gas from the 

left and right walls (100%+20% and 100%+40% cases) results in an 

increased gas hold-up close to the walls and a higher solids hold-up 

towards the centre of the bed. This ultimately results in the inversion 
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of the solids circulation pattern inside the fluidized bed. It is 

interesting to note that this effect is pronounced in zones of the bed 

where the membranes are used, while at higher axial positions in the 

bed (where membranes are not used) the distribution (and 

circulation pattern) of solids becomes similar to the reference case 

with a high solids concentration near the walls. Concerning the solids 

circulation patterns (Figure 3.2B), the reference experiment indicates 

the expected circulation pattern with solids moving upward (positive 

solids flux) in the centre of the bed and downward (negative solids 

flux) along the walls. As already discussed, the extraction of gas 

results in the development of the densified zones with lower solids 

movement; the gas extraction cases (with 100%-20% and 100%-40%) 

clearly show that the extension of the densified layers increased 

when more gas is extracted. This effect is clearly detrimental for the 

performance of the bed; the densified zones decrease the solids 

mixing and thereby the heat transfer in the reactor, and more 

importantly it can induce bed-to-wall mass transfer resistances. It 

was found that the densified zones still move in contrast to the 

experimental findings by de Jong et al. 2011 (in a much bigger bed) 

where stagnant zones were observed near the membrane walls with 

a solid flux of almost 0 without solids mixing (even though the 

extraction gas velocity was lower than the extraction gas velocity 

used in this study). Therefore, micro-structured fluidized bed 

membrane reactors surely enhance the heat and mass transfer 

characteristics. The experimental results also show how the effect of 

gas addition through membranes is more pronounced when more 

gas is added to the system through the membranes (higher gas 

addition velocities). More experimental results (not reported here 

but given in the Appendix A1), with constant outflow also confirm 

these findings. 
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The answer to the first question whether densified zones can 

completely be avoided in micro-structure fluidized beds with gas 

extraction is negative, although the smaller reactors operated in the 

bubbling fluidization regime do not present dead-zones as observed 

in bigger reactors (de Jong et al. (2011)), but still some densified 

zones can develop that can induce bed-to-wall mass transfer 

limitations with an adverse effect on the performance of the reactor, 

strongly dependent on the gas extraction velocity. 
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 (A) 

 

(B) 

 

(C) 

 

Figure 3.2: Time-averaged solids volume fraction distribution (scale [0 0.6]) 

with a constant inflow (A). Time-averaged solids flux circulation pattern 

with a constant inflow (B) for different gas addition and extraction ratios, 

and lateral profiles of the axial solids flux for different height in the 

fluidized bed (C). Superficial gas velocity via the bottom distributor is 0.75 

m.s
-1

. 
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3.3.2 Is it possible to operate the reactor in the turbulent 

fluidization regime to avoid densified zones? 

Turbulent fluidization is often preferred due to increased bubble 

break-up with improved mass transfer characteristics. The 

interesting question is whether the turbulent fluidization can avoid 

the formation of densified zones that affect the membrane reactors 

when operated in the bubbling regime. Figure 3.3 shows the results 

of the hydrodynamic study for the turbulent fluidization regime. To 

operate in the turbulent fluidization regime, both the fluidization 

velocity and the permeation gas velocity are increased, while the bed 

mass and the membrane area were kept the same as before in the 

bubbling regime (80 mm height, this is the limitation of the current 

experimental setup). The time-averaged solids distribution in Figure 

3.3A shows that the averaged-bed height in the turbulent regime is 

much more expanded than for the bubbling regime, while obviously 

the bed itself is more dilute. The extraction of gas (100%-20% and 

100%-40%) results also in this case in a very dense phase located at 

the membrane walls (due to the high extraction velocities) and a 

narrow dilute channel in the centre.  

The time-averaged solids flux profiles in turbulent regime are 

illustrated in Figure 3.3B. The reference case presents a broad up-

flow in the centre of the bed and a narrow down-flow at the left and 

right walls (reference case). The lateral profiles of the axial solids 

fluxes at different heights show a flattened velocity profile compared 

to the parabolically shaped velocity profile observed in the bubbling 

fluidization regime. The solids flux profile with broadened up flow 

and narrowed down flow could improve solids mixing and reduce gas 

back-mixing resulting in improved performance of membrane-

assisted fluidized bed reactors operated in the turbulent regime. 
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The results of the experiments with a constant inflow (Ug = 2 m.s
-1

) 

show that the extraction of gas creates much extended densified 

zones on the left and right walls towards the centre bed. These 

densified zones are already present when the gas extraction ratio is 

low (100%-20%) and their extent increases as the extraction gas 

velocity increases (100%-40%). Moreover, two distinct phenomena 

are revealed at higher gas extraction velocity (100%-40%): an 

inversed solids circulation pattern with an upward solids flux near 

the membrane walls and a down-flow in the centre within 30 mm 

from the distributor; above this position, due to the high extraction 

velocity, solids form semi-stagnant zones much more extended 

towards the centre of the bed (about two-third of the reactor width 

is occupied by the semi-stagnant zones). This phenomenon creates a 

“channelling fluidization” in the centre where reactants in gas phase 

move quite fast with a short residence time and a low contact time 

with the solids which would ultimately result in more by-passing of 

reagents and decreased performance of the reactor. The inversion of 

solids circulation patterns near the bottom is a direct result of the 

formation of stagnant zones near the walls which limits the up flow 

space of both gas and solid, as can be seen in Figure 3.3B, the solids 

up flow ‘collides’ with the densified zones and move downwards 

resulting in the solids flux inversion.  

In contrast to the findings in the bubbling regime, the addition of gas 

in the turbulent regime shows that the solids circulation pattern is 

almost the same (100%+20%) as found for the reference case with 

only slightly reduced solids mixing just above the bottom distributor 

when higher gas addition velocities are used (100%+40%). The 

background gas velocity has a great influence on the solids 

circulation pattern; increasing the background gas velocity to reach 

the turbulent regime can avoid the inversion of the solids circulation 
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pattern and the by-passing of gas via the membrane walls as was 

observed in the bubbling fluidization regime.  Other cases are 

reported in the supplementary material and confirm these findings. 

To answer our question whether operation in the turbulent 

fluidization regime is preferred depends on the case of gas addition 

or extraction. For the case of gas addition the turbulent fluidization is 

surely to be preferred because of decreased gas by-passing near the 

membrane walls, while for the case of gas extraction still densified 

zones are formed. However, it seems that the formation of these 

densified zones is strongly related to the very high gas extraction 

velocity at the membranes. In the turbulent fluidization experiments, 

the gas extraction velocity is much higher than in the bubbling 

fluidization experiments because the relative amount of gas 

added/withdrawn was kept the same but at a much higher 

superficial gas velocity. This brings us to the third question.  
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(A) 

 

(B) 

 
(C) 

 
 

Figure 3.3: Time-averaged solids hold-up distribution (A), solids circulation 

pattern (B) and lateral profiles of the axial solids flux for different height (C) 

in the fluidized bed with a constant inflow, for different gas extraction and 

addition ratios. Superficial gas velocity used from the bottom distributor is 

2.0 m.s
-1

. 
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3.3.3 Is it possible to use state-of-the-art membranes and 

avoid the formation of densified zones? 

In this case we will focus our attention to the turbulent fluidization 

regime with gas extraction. For the bubbling regime and for the gas 

addition cases the main conclusion will also hold (for compactness 

these figures are not shown). Figure 3.4 shows the results of the 

hydrodynamic study with 40% gas extraction with the original 

membrane length (80 mm) and with double membrane length (160 

mm). Doubling the membrane length results in halving the gas 

extraction velocity through the membrane because the amount of 

gas extracted is kept the same. The increase of membrane area (and 

thus the decrease of membrane flux) significantly reduces the 

development of the semi-stagnant zones and improves the solids 

mixing. The results confirm that for gas extraction cases there is a 

strong interplay between the membrane flux and the background 

fluidization gas velocity. Reducing the ratio between the membrane 

flux and the background velocity decreases the extent of semi-

stagnant zones. This means that by using state-of-the-art 

membranes, it is possible to operate the small reactor in the 

turbulent regime with decreased densified zones, and thus reduced 

mass transfer limitations. This also set guidelines for the membrane 

production; in fact, it is more important to produce membrane with 

the same flux as current state-of-the-art membranes but with 

increased stability (and thus lifetime), rather than further increasing 

the membrane flux (compromisingly the membrane selectivity or 

stability) that may induce mass transfer limitations even in fluidized 

beds in the turbulent fluidization regime. 
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Figure 3.4: Influence of the membrane areas on the solids hold-up (A) and 

time-averaged solids circulation pattern (B) in turbulent fluidization regime 

with 40% gas extraction, (a) 80 mm membrane length, (b) no gas extraction 

and (c) 160 mm membrane length. The superficial gas velocity at the 

bottom distributor is 2.0 m.s
-1

. 



3 Hydrodynamics in Micro-Fluidized Bed Membrane Reactors 

 

67 

 

 

The results reported above show that gas permeation through 

membranes induces the inversion of the solids circulation patterns 

(gas addition) or the formation of densified zones (gas extraction) 

which will affect the heat and mass transfer characteristics of the 

fluidized bed. It is interesting to have a more precise quantification 

of the extent of densified zones at different operating conditions, 

where the 3D solids hold-up has been used as “densification” 

criterion. The part of the bed with a solids hold-up above a threshold 

value has been classified as a densified region.  The sensitivity of this 

threshold value was carried out for all series of experiments. It has 

been found that a threshold value of 0.51 well indicates the presence 

of densified zones (note that this corresponds to 85% of the 

maximum solids hold-up in packed beds, assumed at 0.6). 

The extent of the densified zones is subsequently quantified as in 

Eqn. (3.1) 

� =
∑�����	
	��	����

�����
    (3.1) 

where Adensified zones is the area with a solids hold-up above the 

threshold value (0.51). It should be noted that, in case of turbulent 

fluidization, the densified zone is found above the fixed membrane 

height (above 80 mm membrane height) which has also been taken 

into account. 
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        (a) 

  

(b) 

Figure 3.5: Extent of densified zones at different background gas velocity 

and membrane areas against permeation gas velocity for bubbling 

fluidization (a) and turbulent fluidization (b).  
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Figure 3.5 shows the extent of the densified zones as a function of 

the permeation velocity at different fluidization gas velocities in both 

bubbling fluidization (a) and turbulent fluidization regimes (b). It is 

interesting to point out that with the selected threshold value even 

in the reference case without gas extraction, the presence of small 

semi-stagnant zones is found, e.g. for the reference case in the 

bubbling regime the extent of the densified zones is approximately 

8% of the bed volume. Increasing the permeation gas velocity results 

in much extended densified zones (that even reach values higher 

than 30% as shown in Figure 3.5). However at the same permeation 

gas velocity, increasing the fluidization gas velocity will decrease the 

extent of densified zones; for example, the densified zones decrease 

from 32% to 23% for 40% of gas permeation when increasing the 

fluidization velocity to keep the outflow constant.  

A similar effect has been found for the turbulent fluidization regime 

(Figure 3.5b). However, the slopes of the curves representing the 

extent of the densified zones as a function of the permeation gas 

velocity are lower than for the bubbling regime. This means that it is 

preferred to operate in the turbulent fluidization regime, because 

with the same permeation gas velocity (i.e. membrane permeance), 

the extent of densified zones is much decreased.  

3.4 Conclusions 

In this chapter, we introduced an experimental investigation on 

micro-structured membrane-assisted fluidized bed reactors. The 

concept is interesting in order to achieve a high membrane area per 

unit of reactor volume. Several important questions have been 

answered through this experimental study. In particular, the micro-

structured fluidized bed membrane reactor improves the solids 

circulation compared with bigger size membrane reactors, where the 
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extraction of gas result in parts of the bed that are completely 

defluidized and attached at the membrane walls (de Jong et al. 

(2011)). However, also in case of small reactors great care has to be 

paid to the extraction velocity compared to the fluidization velocity. 

All the results indicate that the lowest amount of densified zones 

(zones where solids lumps with a solid hold-up close to the 

maximum solid packing have much lower velocities than the rest of 

the emulsion phase) can be reduced drastically by working in the 

turbulent fluidization regime with a relatively low permeation 

velocity. This indicates that actual state-of-the-art membranes can 

be used in the turbulent regime without formation of densified 

zones, thus avoiding mass transfer resistances (concentration 

polarization). The next step of the investigation is the study of the 

effect of bed size and particle size on the hydrodynamics of micro-

structured fluidized beds as well as a study of the gas mixing and 

mass transfer rate that will be described in the next chapters. 

3.5 Nomenclature  

APF: Absolute Pressure Fluctuation  

DIA: Digital Image Analysis 

DEM: Discrete Element Model 

PIV: Particle Image Velocimetry 

MAmFB: Membrane Assisted micro-Fluidized Bed 

MAFB: Membrane Assisted Fluidized Bed 

A: Total areas of a bubble [mm
2
] 

d: Averaged-bubble diameter [mm] 

ε
2D

: two dimensional solids fraction [-] 
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ε
3D

: three dimensional solids volume fraction [-] 

U: Superficial gas velocity [m.s
-1

] 

∆t: Delay time between two image pair [μs] 

>Φ< )(, xpv
: Time-averaged solid flux [m

3
.m

-2
.s

-1
] 

),( txv p
: Instantaneous local solid velocity obtained from PIV 

),( txpε : Instantaneous local solid hold-up obtained from DIA 

2D: Two dimensional solids hold-up distribution 

3D: Volume solid hold-up distribution 
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4 
Influence of reactor and particle scale on the 

hydrodynamics of micro-structured fluidized bed 

membrane reactors 

Abstract 

Micro-structured membrane-assisted fluidized bed reactors have 

been proposed for hydrogen production as an efficient solution to 

strongly reduce bed-to-membrane mass transfer limitations 

(concentration polarisation) adversely affecting other types of 

membrane reactors while maximising the volumetric production 

capacity. In the previous chapter it has been demonstrated that 

micro-structured membrane-assisted fluidized bed can successfully 

be operated with state-of-the-art membranes in the turbulent 

fluidization regime with significantly reduced formation of densified 

zones, the effect of the particle size and the reactor size on the 

hydrodynamics of these novel reactors is not well understood. In this 

chapter, the fluidization behaviour of beds with different reactor sizes 

employing different particle sizes have been investigated using 

Particle Image Velocimetry (PIV) coupled with an advanced Digital 

Image Analysis (DIA). It has been found that beds with a smaller bed 
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width can be operated in the turbulent regime already at lower 

fluidization velocities. Also for reactors with a smaller bed width the 

extraction of gas via membranes results in the formation of densified 

zones close to the membrane walls, while the addition of gas results 

in an inversion of the solids circulation pattern. However, compared 

with larger scale, the influence of gas permeation via the membranes 

on the solids circulation patterns as well as bubble size and its 

distribution is much less pronounced in reactors with a smaller bed 

width. Also the effect of the particle size on the hydrodynamics of the 

bed when extracting/adding gas through the membrane walls has 

been discussed in this chapter. The findings of this work give 

guidelines for tuning the fluidization regime, reactor size and particle 

diameter, for a proper reactor design of micro-structured membrane-

assisted fluidized bed reactors that can offer significant advantages, 

viz. maximum volumetric production capacity while minimizing 

expensive reactant by-passing at the outlet and maximizing the 

product recovery. 

4.1 Introduction 

 In Chapter 3, “micro-structured” fluidized bed membrane reactors 

have been introduced as single compartments of a fluidized bed 

membrane reactor where planar membranes (Botero et al. (2008)) 

are installed close to each other; see also Wang et al. (2011) and 

Dang et al. (2013). Although these novel micro-structured fluidized 

bed membrane reactors seem to answer all the requirements for the 

perfect intensified reactor (Dang et al. (2013)), a few important 

questions still remain unanswered. Is it possible to overcome all the 

external mass transfer limitations in these small compartments by 

decreasing the size of the bed as much as possible? Is it possible to 

operate the small reactors in the turbulent regime avoiding slugging? 
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And finally, is it possible to operate these reactors with optimal 

particle sizes to avoid the formation of densified zones (which would 

impose mass transfer limitations)?  

To answer these questions this work aims to experimentally study 

the effect of gas permeation via membranes installed in two 

opposing vertical walls on the hydrodynamic behaviour of the 

fluidized beds with a different bed width, using particles with a 

different diameter operated in different fluidization flow regimes. By 

a combination of an advanced Digital Image Analysis (DIA) and 

Particle Image Velocimetry (PIV), the bubble properties, solids 

distribution as well as solids circulation patterns have been 

investigated simultaneously.  

4.2 Experimental methods and setup 

The experimental setup is an extension of the setup described in 

Chapter 3 (Figure 3.1). In this work, a set of membrane-assisted 

micro-fluidized beds consisting of three columns with 80, 40 and 20 

mm bed width, 600 mm high and 10 mm bed depth with has been 

constructed. All the beds allow visual access of the gas-solids 

suspension as required by the applied PIV/DIA technique. The 

combination of PIV and DIA allows whole-field, non-invasive 

measurements of both the solids and gas phase fluidization 

characteristics simultaneously. The front walls are made of 

transparent glass for optical access, while black metal back walls are 

used to have a good contrast between the particle and gas phases 

and to reduce the electrostatic forces. The distributors are metal 

porous plates (3 mm thickness) with an average pore size of 10 µm. 

The same material is used in both left and right walls of each column 

as porous membranes to feed or withdraw gas from the fluidized 
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bed. There are two gas chambers in each side of every column with 

which the membrane area can be varied by opening/closing the 

valves of those compartments. A picture of the setup with the three 

columns installed is shown in Figure 4. 1. Two different glass beads 

with a particle size distribution of 400-600 µm and 100-200 µm and 

density of 2525 kg.m
-3

 (both Geldart B type) have been used as bed 

material while air was used as fluidizing agent. Minimum fluidization 

velocities of 0.21 m.s
-1

 and 0.020 m.s
-1

 have been measured for the 

two different particle sizes using the pressure drop method. The air 

feed flow rate was controlled by digital mass flow controllers (MFC- 

Bronkhorst B.V.) with the range 10-200 l.min
-1

, depending on the 

column and particle size used. In order to avoid electrostatics 

between the walls and particles, air was humidified up to 60-70% 

relative humidity by passing the inlet stream through a bubble 

column before feeding to the fluidized bed column. At the left and 

right sides, several MFCs (10-50 l.min
-1

) have been installed for 

pressurized air feed (for gas addition experiments). Other MFCs 

ranges from (10-50 l.min
-1

) operated at vacuum pressure and 

connected with two vacuum pumps have been used to extract the 

air from both sides (for gas extraction experiments).  
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Figure 4. 1: Picture of the experimental setup with three different column 

sizes 80 mm, 40 and 20 mm (from left to right). Membranes (porous metal 

filters) are installed on the left and right walls where air can be added to or 

extracted from the fluidized beds. 

The fluidized bed was illuminated by four LED lamps placed at proper 

positions to avoid undesired reflection. The images were recorded by 

a CMOS high speed camera from Lavision (2016x2016 pixels at 1600 

Hz), equipped with a 50 mm and a 200 mm lens, depending on the 

particle size used, to ensure a minimum resolution of  around  2-2.4 

pixels per particle (minimum required to accurate PIV results). An 

external function generator was used to trigger the camera with a 

proper time delay between two images of a pair with a frequency of 

20 Hz and exposure time of 0.15 ms generates an image pair with 

500 µs of delay time. The recorded images were stored in the 
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memory of the camera (4GB) and transferred to the memory of the 

PC. The experimental technique used in this work is a combination of 

particle image velocimetry (PIV) and digital image analysis (DIA). 

More details of this technique have been reported in Chapter 2.  

In this chapter, the influence of bed geometry, particle size and gas 

permeation rate via the membrane walls on the solids hold-up 

distribution, solids circulation pattern, as well as bubble properties 

are investigated and discussed.  

4.3 Experimental conditions 

The experimental conditions used in this work have been 

summarized in Table 4.1 and Table 4.2. In several works,  fine 

particles have been employed for H2 production via steam reforming 

in fluidized beds (at the border between Geldart A and Geldart B) 

(Adris et al. (1991), Patil et al. (2007)), however, Rakib et al. (2010) 

proposed particle sizes up to 180 µm  indicating good hydrodynamic 

performance. To elucidate which particle size has to be preferred in 

micro-structured fluidized bed membrane reactors, two different 

glass beads (dp = 400-600 µm and dp = 100-200 µm, ρp = 2525 kg.m
-

3
), showing Geldart B type fluidization, have been used as bed 

materials in this work.  Bigger particle sizes (dp > 600 µm) is normally 

not preferred in micro-reactors to avoid internal mass transfer 

limitations while much smaller particles (dp < 100 µm) become more 

difficult to apply because of particle elutriation and much wider 

densified zones are formed (in case of gas extraction).  

In many pure H2 production applications, commercial Pd-based 

supported selective membranes are used. Gallucci et al. (2013) 

reviewed the latest results on hydrogen selective membranes 

reporting that the highest membrane flux for Pd-based membranes 
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is in the order of 0.12 m
3
.m

-2
.s

-1
. This indicates that the experiments 

reported in Table 4.1 and Table 4.2 assume realistic membrane 

fluxes, if state-of-the-art membranes are applied in micro-structured 

fluidized bed membrane reactors. 
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Table 4.1: Overview of operating conditions used in this work: The membrane height was kept at 80 mm along both 

walls for all columns and equal to the static bed height. The reference experiment indicates no gas addition or 

extraction from the left and right walls. Glass beads dp = 400-600 µm and  dp = 100-200 µm particle diameter were used.  

  Column 
width 
[mm] 

Measurement 
name 

           Background 
gas velocity [m.s

-1
]   

Total membrane velocity 
in each side  [m.s

-1
]   

Total outlet gas velocity 
[m.s

-1
]   

 Flow 
regime 

100-200 
µm 

400-
600 µm 

100-200 
µm 

400-600 
µm 

100-200 
µm 

400-600 
µm 

  80  Reference 0.20  0.75 0  0  0.20  0.75 

    60%+40% 0.12  0.45 0.04  0.15 0.20  0.75 

    80%+20% 0.16  0.60  0.02  0.075  0.20  0.75 

    120%-20% 0.24  0.90  -0.02  -0.075  0.20  0.75 

    140%-40% 0.28  1.05 -0.04  -0.15 0.20  0.75 

    Reference 0.20  0.75 0  0 0.20  0.75 

Bubbling 40 60%+40% 0.12  0.45 0.02  0.075 0.20  0.75 

    80%+20% 0.16  0.60  0.01  0.0375  0.20  0.75 

    120%-20% 0.24  0.90  -0.01  -0.0375  0.20  0.75 

    140%-40% 0.28  1.05 0.02  -0.075 0.20  0.75 

    Reference 0.20  0.75 0  0 0.20  0.75 

  20 60%+40% 0.12  0.45 0.01  0.0375 0.20  0.75 

    80%+20% 0.16  0.60  0.005  0.0188  0.20  0.75 

    120%-20% 0.24  0.90  -0.005  -0.0188  0.20  0.75 

    140%-40% 0.28  1.05 -0.01  -0.0375 0.20  0.75 
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Table 4.2: Overview of operating conditions operated in turbulent fluidization regime: The membrane height was kept 

at 80 mm along both walls for all columns and equal to the static bed height. The reference experiment indicates no gas 

addition or extraction from the left and right walls  for dp = 400-600 µm particle diameter. 

Flow 

regime 

Column 

width 

[mm] 

Measurement 

name 

           

Background gas 

velocity [m.s
-1

]   

Total membrane 

velocity in each 

side  [m.s
-1

]   

Total outlet gas 

velocity [m.s
-1

]   

 80 Reference 2.00 0  2.00 

    60%+40% 1.20 0.40 2.00 

    80%+20% 1.60  0.20  2.00 

    120%-20% 2.4 0  -0.20  2.00 

    140%-40% 2.80 -0.40 2.00 

    Reference 2.00 0 2.00 

Turbulent 40 60%+40% 1.20 0.20 2.00 

    80%+20% 1.60   0.10  2.00 

    120%-20% 2.40 -0.10  2.00 

    140%-40% 2.80 -0.20 2.00 

    Reference 2.00 0 2.00 

 20 60%+40% 1.20 0.10 2.00 

    80%+20% 1.60   0.05  2.00 

    120%-20% 2.40 -0.05  2.00 

    140%-40% 2.80 -0.10 2.00 



4 Influence of particle and reactor scale on the hydrodynamics of mFBMRs 

 

82 

 

4.4 Results and discussion 

In the following sections, the influence of gas permeation via the 

membranes on the hydrodynamic characteristics of membrane-

assisted micro-fluidized beds is discussed for different bed widths 

and particle sizes, operated in both bubbling and turbulent regimes. 

Although the experiments have been carried out with different gas 

permeation velocities, in this chapter only images related to 40% gas 

permeation are shown, since the higher the gas flow rate, the more 

pronounced the influence on the hydrodynamics of the fluidized bed 

while very similar effects have been observed for other experimental 

conditions. Finally, the extent of the densified zones, quantified 

based on the solids hold-up is discussed as a function of the gas 

extraction velocity. 

4.4.1 Is it possible to overcome all the external mass 

transfer limitations in these small compartments by 

decreasing the size of the bed as much as possible? 

To answer this question we will inspect the solids hold-up 

distribution in the small columns with different bed width in case of 

permeation through the membranes and compare them with the 

reference case (without permeation) and check whether and to what 

extent densified zones are formed.  

The time-averaged solids hold-up profiles for the different reactor 

sizes are shown in Figure 4.2, for the cases where 40% of the gas 

(relative to the fluidization gas flow rate) was extracted from (top 

row)/added into (bottom row) the bed via the left and right walls, 

while the membrane length was kept at 80 mm for all the reactors 

used (dp = 400-600 µm, bubbling regime). For comparison the 

reference case without permeation through the membrane is 

included in the Figure 4.2 (middle row) with 40% of gas permeation 
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via membranes, the permeation gas velocity through the membrane 

for the bed of 80 mm (width) is 2 and 4 times higher than for the 

beds of 40 mm and 20 mm, respectively, as presented in Table 4.1 

and Table 4.2. The experiment for the reference cases (100% ± 0%) 

indicates no gas permeation. For the wider bed (80 mm) the 

reference case shows the typical solids hold-up distribution with 

higher solids hold-up at the left and right walls, consistent with the 

well-known bubble hold-up profile and solids circulation pattern. 

However, the time-averaged solids distribution for the reference 

case becomes much more dilute and uniform for the smaller 20 mm 

column, which is probably related to the high bed aspect ratio As 

(static bed height/bed width = 4) resulting in more slugging like 

fluidization in the smaller columns for the experimental conditions 

investigated in this work.  
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Figure 4.2: 3D solids hold-up distribution with 40% of gas permeation via 

the membranes from the left and right walls using 400-600 µm particles. a) 

80 mm column; b) 40 mm column; c) 20 mm column. Gas extraction (top), 

reference case (middle) and gas addition (bottom). All beds are operated in 

the bubbling regime with a fluidization gas velocity of 0.75 m.s
-1

. 
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The extraction of gas (140% - 40%) via the membrane walls shows a 

higher density of the emulsion phase close to the left and right walls 

(membranes). This effect is much stronger in the 80 mm column due 

to the higher extraction velocity. The higher extraction velocity 

results in more extended densified zones. As a consequence of the 

formation of the densified zones, more gas is bypassing the bed in 

the centre while the densified zones induce additional bed-to-wall 

mass transfer limitations. These effects are both detrimental for the 

performance of the reactor and for the gas extraction efficiency of 

perm-selective membranes. The extent of the densified zones 

decreases when decreasing the bed width. This is due to the fact that 

the membrane area is kept constant (mimicking the same 

membranes installed closer to each other) while the gas flow rates 

through the membranes are lower for the beds with a smaller width 

since the amount of gas permeating via the membranes relative to 

the feed was kept constant; this results in a lower gas velocity 

through the membrane, and in particular, to a lower ratio of the gas 

permeation velocity and the background gas velocity. This is the 

critical parameter that determines the formation of the densified 

zones. Thus, a first indication is that by using smaller reactor with the 

same membranes, the extent of densified zones is decreased and 

thus external mass transfer limitations are decreased too. 

A completely different effect has been observed during the 

experiments with gas addition through the membranes. More gas is 

present closer to the membrane walls, while solids are more 

concentrated towards the centre of the bed. The normal solids 

distribution with more solids at the walls (reference case) is now 

replaced by a “parabolic profile” which is clearly visible in the 80 mm 

column. The solids hold-up in the 40 mm column however, shows 

two distinct kinds of solids distributions. An “inverted solids hold-up” 
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is visible within the membrane region due to the effect of gas 

permeation, while the normal (similar to the reference case) solids 

distribution is observed at higher axial positions. The difference in 

the solids hold-up can again be expressed by the competition 

between background fluidization and permeation through the 

membranes. For the 80 mm column, the background fluidization gas 

velocity is relatively low, while the permeation gas velocity is high 

enough to push all the solids to the centre of the bed (background 

gas velocity/permeation gas velocity = 3). However, in the 40 mm 

column the background gas velocity/permeation gas velocity is 6, 

which results in a much less pronounced effect of permeation of gas 

via the membranes on the solids hold-up. More clearly, in the 20 mm 

column, the background gas velocity/permeation gas velocity ratio is 

12 where the permeation gas through the membrane does not play 

significant role on the solids hold-up distribution. 
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Figure 4.3: Solids flux profiles with 40% of gas permeation via the membranes 

from the left and right walls using 400-600 µm particles for 80 mm column (top 

row), 40 mm column (middle row) and 20 mm column (bottom row). The 

influence of the gas permeation on the solids flux is shown from the left to the 

right while the influence of the reactor size is shown from the top to the 

bottom. The last column on the right hand side compares the solids fluxes of 

reference case (without gas permeation) with the cases with gas addition and 

gas extraction. All beds are operated in the bubbling regime with a fluidization 

gas velocity of 0.75 m.s
-1

. 
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The consequences of these solids holdup distributions can also be 

seen in both the solids circulation patterns and the bubble hold-up. 

The solids circulation patterns for the three different columns with 

gas permeation via the membranes are depicted in Figure 4.3 where 

the influence of the gas permeation is shown from the left to the 

right, while the influence of the bed width is shown from the top to 

the bottom. As already stated before, for the reference case without 

gas permeation (100% ± 0%), the typical solids circulation pattern is 

obtained with the 80 mm column where the solids are moving 

upwards through the centre of the column (due to drag with the 

rising bubbles) and downwards near the walls. The column bed 

width does not change this profile, although the two upper vortices 

are not very pronounced in the smaller columns, which may again be 

related to the slugging like behaviour in the 20 mm bed. 

The experiments with 40% of gas extraction show that for the bed of 

80 mm width, the solids movement is decreased close to the 

membranes due to high gas extraction velocity. However, this effect 

is much less pronounced in the 40 mm and 20 mm column, due to 

the much lower extraction velocities as discussed previously. A very 

different observation can be made for the experiments with 40% of 

gas addition which clearly show that during the addition of gas via 

the membrane walls, solids are pushed towards the centre, resulting 

in a solids down-flow in the centre while the solids up-flows close to 

the walls (‘inversion’ of the solids circulation compared to the 

reference case). This inversion depends on the reactor size. The 80 

mm column shows a complete solids inversion with the upward flow 

at both left and right sides and the down flow within the centre of 

the bed. For the 40 mm column, two distinct solids flux patterns can 

be observed; an inversion of the solids circulation pattern within the 

membrane region and a ‘normal’ solids flux pattern above the 
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membrane region. Interestingly, the hydrodynamics in the 20 mm 

column does not show any difference between the reference case 

and the gas addition/extraction cases, indicating that the permeation 

of gas through the membrane does not influence the hydrodynamics 

to a large extent. These experimental results confirm the importance 

of the ratio between the permeation gas velocity and the 

background gas velocity and determine the solids circulation 

patterns in micro-structured membrane-assisted fluidized beds.  
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Figure 4.4: Averaged equivalent bubble size distribution in lateral direction 

at different axial positions in the bed for gas extraction (top), reference 

case (middle) and gas addition (bottom) for 400-600 µm particles. a) 80 

mm bed width; b) 40 mm bed width and c) 20 mm bed width. All beds are 

operated in the bubbling regime with a fluidization gas velocity of 0.75 m.s
-

1
. 
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As far as the bubble hold-up is concerned, Figure 4.4 presents the 

averaged bubble size distribution in the lateral direction at different 

axial positions in the bed for the three columns with different bed 

width. As can be seen for the reference case, just above the 

distributor, the bubble size (small bubbles) is relatively small and 

relatively uniform. As the bubbles rise through the bed, they 

coalesce and grow into larger bubbles towards the centre of the bed 

which generate larger bubble sizes at higher the axial position (this is 

well known and in accordance with theory). The extraction of gas 

through membranes in a larger reactor (80 mm width) results in a bit 

larger bubble size compared with the reference case; this counter-

intuitive behaviour is due to the fact that more solids are present 

close to the membranes (as also shown in Figure 4.2), while more 

gas is forced towards the centre of the bed resulting in elongated 

and bigger bubbles. For smaller reactor scales, slightly smaller 

bubble sizes are generated at the same axial position compared with 

the reference case; but the bubble sizes do not differ very much in 

accordance with reduced densified zone formation close to the 

membranes. On the other hand, the addition of gas generates more 

bubbles on the left and right walls where gas is added through the 

membranes (at least for the columns with 80 mm and 40 mm bed 

width). Again for the smaller reactor size (20 mm bed width) there is 

a relatively small effect of gas permeation on the bubble size 

distribution due to the low extraction gas velocity relative to the 

background velocity.  

The effects seen so far indicate that when employing bigger 

particles, by reducing the reactor size (i.e. by composing 

compartments with membranes placed very close to each other) the 

densified zones can be avoided (Figure 4.2) resulting in reduced (or 

no) bed-to-wall mass transfer limitations, while the solids circulation 
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patterns remain unchanged (Figure 4.3) and the bubble size is not 

increased (Figure 4.4) which avoids increased bubble-to-emulsion 

phase mass transfer limitations.  

While these results are encouraging for the development of micro-

structured fluidized bed membrane reactors, still few more 

questions have to be answered. 

4.4.2 Is it possible to operate these reactors with optimal 

particle sizes to avoid the formation of densified 

zones? 
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Figure 4.5: 3D solids holdup distribution with 40% of gas permeation via 

the membranes from the left and right walls using 100-200 µm particles. a) 

80 mm column; b) 40 mm column; c) 20 mm column. Gas extraction (top), 

reference case (middle) and gas addition (bot bottom). All beds are 

operated in the bubbling regime with fluidization gas velocity of 0.2 m.s
-1

. 
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To answer this question, the same experiments just described for 

larger particles have been repeated using smaller particles (dp = 100-

200 µm). Figure 4.5 reports the solids hold-up distributions for the 

particle size of dp = 100-200 μm for the three columns with different 

bed widths in case of gas extraction or addition and the reference 

case. With 40% of gas permeation, the solids distribution is quite 

similar to the one observed when using the larger particle size (of 

Figure 4.2), with the presence of densified zones close to the 

membranes for gas extraction and the centre-concentrated emulsion 

phase for the gas addition case. However, the densified zones are 

much more extended towards the centre of the bed for all the 

investigated reactor scales. This may be due to the much lower 

minimum fluidization velocity for these particles, indicating that also 

the ratio of the permeation gas velocity and the minimum 

fluidization velocity play an important role in the formation and 

extent of the densified zones. Additionally, the higher drag force for 

smaller particles probably makes the effect of the permeation gas 

velocity more pronounced compared to bigger particles. These 

extended densified zones on the one hand significantly reduces the 

solids mixing and the contacting time between the gas and the solids 

and creates a kind of “channelling fluidization” with more gas by-

passing through the centre of the reactor. On the other hand, these 

densified zones also induce bed-to-membrane mass transfer 

limitations. The densified zones are still evident in the 20 mm 

column, where the extraction gas velocity is much lower. 

Summarising, the higher solids hold-up at the membrane walls will 

significantly decrease the solids mixing and the heat and mass 

transfer characteristics of the fluidized bed. These conclusions are 

reinforced when inspecting the solids circulation patterns. Figure 4.6 

shows the solids circulation pattern when employing particles of 
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100-200 μm. The reference case is very similar to the bigger particle 

size, although it is very hard to evaluate the hydrodynamics in the 

small column because of the great amount of solids raining at the 

front panel when using small particles (the bed behaves as a 3D bed 

in these conditions, thus PIV is not properly applicable in this case). 

Experiments with gas extraction 140%-40% show a significant effect 

of gas permeation at the left and right walls where solids show very 

slow movement (the flux is almost 0). From the time-averaged 

images it can be estimated that about two-third of the width of the 

column is occupied by the densified zones (probably stagnant zones 

in this case) with significantly reduced solids mixing. The low velocity 

makes these zones behaving as packed beds with anticipated 

enormously increased mass transfer limitations towards the 

membranes. 

The experiments of gas addition (60%+40%) show again that 

particles near the membrane walls are dragged upwards, causing 

particles to move downward in the centre of the bed. This 

phenomenon is illustrated by the lateral profiles of the axial solids 

phase velocity profiles; the upwards direction is near the walls while 

the velocity in the centre of the bed is negative.    
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Figure 4.6: Solids flux profiles with 40% of gas permeation via the 

membranes from the left and right walls using 100-200 µm particles. a) 80 

mm column; b) 40 mm column; c) 20 mm column. The influence of the gas 

permeation on the solids flux is shown from the left to the right, while the 

influence of the reactor size is shown from the top to the bottom. The last 

column on the right hand side compares the solids circulation pattern of 

reference case (without gas permeation) with the cases with gas addition 

and gas extraction. All beds are operated in the bubbling regime with a 

fluidization gas velocity of 0.2 m.s
-1

. 
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The corresponding bubble size distribution in freely bubbling 

fluidization for the case of particle of dp = 100-200 μm diameter is 

also given in Figure 4.7. In general smaller bubbles are generated 

compared to the reference case for both addition and extraction of 

gas. However, due to the great extension of the densified zones (or 

even stagnant zones, as the particles hardly move) near the walls 

when extracting gas, almost no gas is found close to the membranes, 

which indicates that almost all gas is drawn towards the centre of 

the bed by-passing the solids (which would be very detrimental for 

the performance of a membrane fluidized bed reactor).   

These results thus suggests that  very fine particles should not be 

used in the fluidized bed membrane reactors because of strong 

increased extent of densified zones (Figure 4.5) that behaves as 

packed beds with a very low solids velocity (Figure 4.6) while the 

induced high bed-to-wall mass transfer limitations force the gas to 

by-pass both the solids (catalysts) and the membranes (Figure 4.7). 

In conclusion, even though small particles are usually preferred for 

their high effectiveness factors, from a hydrodynamics and mass 

transfer point of view it is better to select a somewhat larger particle 

size (Geldart B) for H2 production in fluidized bed membrane 

reactors rather than conventional fine catalysts (Geldart A).  

These conclusions refer to experiments carried out in the bubbling 

fluidization regime and already give very important guidelines for the 

design of the fluidized bed membrane reactors. The last question is 

whether the performance of these reactors can be improved by 

operating in the turbulent regime. The last section of this chapter 

aims at answering this question. 
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Figure 4.7:  Averaged equivalent bubble size distribution in lateral direction 

at different axial positions in the bed for gas extraction (top), reference 

case (middle) and gas addition (bottom) for 100-200 µm particles. a) 80 

mm bed width; b) 40 mm bed width; c) 20 mm bed width. All beds are 

operated in the bubbling regime with a fluidization gas velocity of 0.2 m.s
-1

. 
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4.4.3 Is it possible to operate the small reactors in the 

turbulent regime avoiding slugging? 

This question can be answered inspecting again the solids hold-up 

distribution and solids circulation patterns inside the three beds with 

different bed width, but now operated at much higher gas velocities 

in the turbulent fluidization regime. Figure 4.8 presents the solids 

hold-up in the turbulent fluidization regime with/without the 

influence of gas permeation. The results show a very similar effect of 

gas permeation on the hydrodynamics as was found in the bubbling 

regime. Compared to the bubbling fluidization, however, the time-

averaged solids distribution is much more dilute with a much higher 

bed expansion. Due to the turbulent fluidization regime, no bubbles 

are detected resulting in a more homogeneous phase which helps in 

circumventing bubble-to-emulsion phase mass transfer limitations. It 

should be noted that in this case also the specific membrane area 

can be changed (increased) due to a much higher fluidized bed 

height. However, for comparison, this study has kept the membrane 

height as 80 mm for all experiment.  

The extraction of gas (140%-40%) shows much denser regions close 

to the walls. This effect is much stronger in the 80 mm column, due 

to the higher extraction velocity thus creating a narrow space in the 

centre where gas passes through. Importantly, the presence of gas 

permeation is much less pronounced in the 40 mm column and does 

not play an apparent role in the 20 mm column because of the 

relatively high membrane areas (low permeation gas velocity).  

The addition of gas (60%+40%) results in an inversion of the solids 

distribution just above the distributor (within the membrane region) 
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while a normal solids hold-up distribution was observed at higher 

axial positions. 

The solids circulation patterns for the reference case and with gas 

addition/extraction for the three columns with different column 

width are presented in Figure 4.9. It should be noted that only the 

profiles till 160 mm above the distributor are shown (and not the 

entire bed height) to better visualize the effects of the membranes. 

Above those regions, the effect of the permeation is nihil and the 

bed behaves as a conventional fluidized bed. The low solids fluxes 

observed for the case of gas extraction within the membrane region 

(till 80 mm above the distributor) are due to the fact that in this 

region there is a large amount of solids that have very low velocities 

(densified zones).  

For the gas addition case, in both 80 mm and 40 mm columns, the 

inversion of the solids circulation pattern is observed within the 

membrane region, while the typical “reference” solids circulation 

pattern can be seen at higher axial positions. For the 20 mm column, 

also in the turbulent regime, the effect of gas permeation on the 

solids circulation pattern is almost negligible.   

These results clearly show that the turbulent flow regime is 

preferred, especially in combination with a small bed width and not 

too small particles. 
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Figure 4.8:  Solids hold-ups with 40% of gas permeation via membranes 

from left and right walls with 400-600 µm particles in turbulent fluidization: 

a) 80 mm column; b) 40 mm column; c) 20 mm column. The beds are 

operated in turbulent fluidization regime with gas velocity of 2.0 m.s
-1

. 
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Figure 4.9: Solids circulation pattern with 40% of gas permeation via 

membranes from left and right walls with 400-600 µm particles for 80 mm 

column (top row), 40 mm column (middle row) and 20 mm column 

(bottom row). The beds are operated in turbulent fluidization regime with 

gas velocity of 2.0 m.s
-1

. 
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4.4.4 Quantification of the extent of densified zones 

The results so far point towards the selection of a small bed width 

with not too small particles operated in the turbulent regime. To 

better highlight these results it is important to quantify the extent of 

densified zones, as the larger the densified zones, the higher the 

anticipated induced external bed-to-membrane mass transfer 

limitations. 

The extent of densified zones in membrane-assisted fluidized bed 

columns due to gas extraction via membranes are presented in 

Figure 4.10 as a function of the operating conditions. The criterion to 

discern between densified zones and non-densified zones is based 

on the local time-averaged solids hold-up, where 85% of the 

maximum solids packing (taken as 0.6 for packed beds) is defined as 

the threshold value. The positions where the solids hold-up is higher 

than this value are considered as part of densified zones.  

The extension of densified zones within the column section is 

defined as  

� =
∑�����	
	��	���

�����	�
    (4.2) 

Where Adensified zone: Area where the solids hold-up is higher than the 

threshold value. 

  Asection: Cross-section area of the reactor. 
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(a) 

 

(b) 

Figure 4.10: Extent of densified zones for dp= 400-600 μm (a) and dp = 100-

200 μm (b) particles as a function of the extraction velocity for three 

columns with different bed widths and operated in bubbling and turbulent 

flow regimes. 
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As it can be induced from Figure 4.10, an increase in the gas 

permeation velocity will increase the extent of the densified zones 

from the walls to the centre. This significantly reduces the solids 

mixing inside the bed. In addition, Figure 4.10(a) shows that the 

densified zones in the bubbling fluidization regime are much more 

extended than those in the turbulent regime, because the bubbling 

fluidization causes a denser regime with lower bed expansion, thus 

the extraction of gas will result in a higher density than in the 

turbulent fluidization regime. A very similar trend has been found for 

the smaller particle size used.  

 

Figure 4.11: Comparison of extent of densified zones for the different bed 

widths and particle sizes, operated in different flow regime with 40% of gas 

extracted via the membranes in the left and right walls. 

Figure 4.11 compares the influence of the bed width and particle 

diameter used on the extent of densified zones for the case of 40% 

gas extraction. The results clearly indicate that the extent of 
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densified zones in turbulent regime decreases significantly from 17% 

for 80 mm column to 0% for 20 mm column. This result shows that 

indeed with a micro-structured membrane-assisted fluidized bed 

with much more membranes installed in the fluidized bed (thus 

increased production capacity and product recovery), the formation 

of densified zones would be detrimental for the performance of the 

reactor can be avoided. 

4.5 Conclusions 

In this work, the study on the effect of gas permeation through 

membranes installed in two opposing vertical walls confining the 

fluidized suspension on the hydrodynamics of fluidized bed 

membrane reactors has been extended to smaller reactor sizes 

mimicking micro-structured membrane reactors. The effects of 

operation in different fluidization flow regimes and different particle 

sizes have been investigated in detail using a combination of two 

non-invasive techniques, viz. advanced Digital Image Analysis (DIA) 

with Particle Image Velocimetry (PIV) to quantify the solids 

circulation pattern, solids hold-up distribution and bubble size 

distribution as a function of the membrane permeation (both 

addition and extraction) from the left and right walls simultaneously. 

The permeation of gas via the membranes may create gas by-passing 

either in the centre (gas extraction) or at the membrane walls (gas 

addition), which are detrimental for the reactor performance. 

Moreover, the extraction of gas may result in the formation of 

densified zones near the membrane walls with very low solids fluxes, 

indicating deteriorated solids mixing with anticipated increased bed-

to-wall mass transfer resistances. On the other hand, the addition of 

gas may invert the solids circulation patterns compared to the 

reference case without gas permeation resulting in gas by-pass in the 
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vicinity of the membrane walls. However, the experiments have 

demonstrated that these adverse effects caused by the densified 

zones are very much less pronounced (or even absent) in fluidized 

beds with a very small bed width, in particular when operating the 

bed in the turbulent fluidization regime using relatively large 

particles, which indicates significant advantages of micro-structured 

membrane-assisted fluidized bed reactors.  

These results give specific guidelines for the design of fluidized bed 

micro-structured membrane reactors for hydrogen production (or 

with gas extraction in general). In particular, to optimize the 

membrane utilization (i.e. by reducing all the external mass transfer 

limitations such as bed-to-wall and bubble-to-emulsion phase mass 

transfer limitations) the guidelines suggest: i) to design small 

compartments created in the fluidized beds by placing the 

membranes very close to each other (also maximisation of 

volumetric production capacity); ii) to use relatively large particle 

sizes (Geldart B type) and iii) to operate the bed in the turbulent 

fluidization regime.  
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5 
Gas back-mixing in a membrane-assisted micro-

structured fluidized bed 

Abstract 

Membrane-assisted micro-structured fluidized beds have been 

proposed as efficient membrane reactors and in particular for 

hydrogen production. However, very little information is available on 

the effects of gas permeation through the membranes on the gas 

back-mixing and mass transfer rates in this type of reactors. This 

study carefully investigates the gas back-mixing characteristics in a 

micro-fluidized bed and the influence of gas permeation (both 

addition and extraction) through flat membranes installed in the left 

and right walls confining the fluidized bed. The tracer gas injection 

(stimulus-response) method has been used combined with Particle 

Image Velocimetry and Digital Image Analysis techniques for 

additional insightful information on the solids flux profiles that 

strongly influence the gas back-mixing. The results of this study 

demonstrate that micro-structuring of the fluidized bed results in 
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reduced gas back-mixing and thus in a more efficient membrane 

reactor configuration for hydrogen production because of the 

increased driving force for gas permeation. The results also provide 

some guidelines for the design of micro-structured fluidized bed 

membrane reactors in terms of preferred specific membrane area 

and particle size. 

5.1 Introduction  

In the application of membrane-assisted micro-structured fluidized 

beds for pure hydrogen production, the gas back-mixing is an 

important characteristic that has to be studied and taken into 

account. Gas back-mixing reduces the partial pressure of hydrogen 

resulting in lower hydrogen permeation rates and also in lower 

product selectivity. Deshmukh et al. (2007) measured the gas back-

mixing in a lab scale 3D fluidized bed (150x150x1000 mm
3
) and 

indicated that the addition of gas via horizontally submerged 

membranes can significantly decrease the bubble coalescence 

resulting in decreased gas back-mixing. 

To the best knowledge of the authors, the influence of gas 

permeation through membranes in micro-fluidized bed reactors on 

the gas back-mixing has not been reported in literature. Thus an 

important question is still open: how is the gas back-mixing 

influenced by gas permeation in micro-structured fluidized bed 

membrane reactors? This study experimentally quantifies the gas 

back-mixing behaviour of a micro-fluidized bed membrane reactor, 

operated in the bubbling fluidization flow regime using the tracer gas 

injection technique and measuring the gas composition of gas 

samples at different positions within a fluidized bed.  In addition, the 

influence of gas permeation on the solids flux profiles has been 
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determined using Particle Image Velocimetry (PIV) coupled with 

Digital Image Analysis (DIA). First, the experimental setup and 

experimental techniques are described. Subsequently, the 

experimental results on the effect of gas permeation via flat 

membranes installed in the left and right walls, the membrane area 

as well as the static bed height on the extent of gas back-mixing are 

described and discussed. Two approaches for interpreting the 

experimental results are presented and compared in this work: i) by 

considering a constant interstitial gas velocity, as often assumed in 

literature for fluidized beds without membranes (Li et al. (1989), 

Namkung et al. (1998), Zhang et al. (2008)); and ii) by considering the 

variation of the interstitial gas velocity in the axial direction, which is 

made possible by the application of PIV/DIA resulting in a more 

accurate estimation of the axial gas dispersion coefficient in case of 

membrane permeation. 

5.2 Experimental setup and data analysis 

The experimental setup consists of a small membrane-assisted 

fluidized bed (40x10x600 mm
3
) that represents a single 

compartment of a micro-structured fluidized bed membrane reactor. 

The setup allows both tracer gas injection/extraction and particle 

image velocimetry (PIV)/Digital Image Analysis (DIA), so that both 

hydrodynamics and gas back-mixing can be studied simultaneously. 

A schematic representation of the column indicating the gas 

injection and gas sampling points is given in Figure 5.1. 

The front wall of the small column was made of a transparent glass 

that enables visual access (to determine solids circulation patterns 

and solids hold-up) and a black stainless steel back wall was used, to 

provide a good contrast between the gas and solids phases on the 
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recorded images (as required by the non-invasive optical technique 

PIV/DIA) and to create injection/extraction points. A porous metal 

plate with an averaged pore size of 10 µm and 3 mm thick was used 

as a gas distributor at the bottom of the column. The same material 

was also used as porous filter (mimicking the membranes) at both 

left and right walls. Two gas compartments at each side were 

installed that enable to vary the membrane height and thus the 

membrane areas (and gas extraction/addition velocity). Glass beads 

particles (dp = 400-600 µm, ρp = 2500 kg.m
-3

) were used as solids 

phase, showing Geldart B type fluidization. This particle size has been 

selected because on the one hand it gives accurate results for 

PIV/DIA, while on the other hand it has been demonstrated that with 

somewhat bigger particles the extent of densified zones is smallest 

(Dang et al. (2013)). The bed material was fluidized by nitrogen and 

the minimum fluidization velocity was determined at 0.21 m.s
-1

 (as 

measured by the pressure drop method). The fluidization gas flow 

rate was controlled by a digital mass flow controller (MFC) in the 

range of 50 l.min
-1

 (Bronkhorst B.V). To avoid static charge formation 

between the walls and the particles, N2 was humidified up to 50% 

relative humidity by passing the feed flow through a bubble column 

before feeding to the fluidised bed. At the left and right sides, two 

MFCs of 10 l.min
-1

 were installed to add gas (for the gas addition 

study). Two other MFCs in the range of 10 l.min
-1

 working under 

vacuum pressure were used to extract gas (for the gas extraction 

study) from both sides and connected with two vacuum pumps.  

For the gas back-mixing study, a continuous flow of carbon dioxide 

(CO2) was upwardly injected through a point injector (2.0 mm ID). 

The CO2 injector was mounted at 45 mm above the distributor and 

can be placed either in the centre or at the side walls. There are 36 

sampling ports in eight rows (9 mm interval) where gas can be 
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injected and sampled for gas composition measurement. The gas 

samples were measured at different positions either below or above 

the injection point, as indicated in Figure 5.1. To get more exact 

information on the dispersion rate in the studied micro-fluidized 

bed, the gas is sampled in the centre plane (5 mm in the depth) 

instead of at the back wall. The outlet concentration of the tracer gas 

was measured at the exit of the reactor and is indicated by CF. The 

flow rate of CO2 was maintained at 4.5% of the total outflow for all 

experimental cases (lower injection concentrations make it 

difficult/inaccurate to detect gas at all relevant positions in the bed). 

The effect of the tracer injection concentration was found to be 

negligible. The samples containing the tracer gas were continuously 

analysed with a Mass Spectrometer (MKS Ltd., UK) containing 16 

inlet channels working in sequences (sampling flow rate 10 ml.min
-1

 

analysed time-averaged over 15 minutes per sample). Before 

performing the experiments, the mass spectrometer was carefully 

calibrated and validated with different gas mixtures of CO2/N2. The 

tracer concentration CF measured at the outlet is in close agreement 

with the mixing-up concentration value calculated via  

2

2 /

(%) 100%
CO

F

CO fluidization addition extraction

C
φ

φ φ φ
= ×

+ ±∑
 (5.1)

  

The laterally averaged dimensionless tracer gas concentration at a 

certain axial position in the bed is computed via 

100%lateral

F

C
I

C
= ×       (5.2)

     

CF: Well-mixed concentration at the outlet, mole fraction [%] 

�: Local concentration measurement, mole fraction [%] 

lateralC : Averaged lateral concentration, mole fraction [%] 
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φ : Volume flow rate of the fluidization, CO2, gas 

addition/extraction [l.min
-1

] 

/addition extractionφ : Permeation flow rate (-) for gas extraction and (+) for 

gas addition [l.min
-1

] 

I: Dimensionless tracer gas concentration [%] 

The experimental conditions investigated in this work have been 

summarized in Table 5.1. The static bed height and membrane height 

were kept constant at 40 mm. The gas back-mixing measurements 

have been carried out in one half of the bed because PIV/DIA results 

on the entire bed have demonstrated that the solids circulation 

patterns and hold-up profiles are completely symmetric. 
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Table 5.1: Overview of experimental conditions used in the gas back-mixing study in the membrane-assisted 

micro-fluidized bed operated in the bubbling fluidization flow regime. 

Measurement name 

  

           Background  

Membrane velocity at each 

side Total outlet gas velocity 

              % [m/s]           %     [m/s]          % [m/s] 

Reference 100 0.75 0 0  100 0.75 

80+20% 
1 

80 0.60 10 0.075 100 0.75 

60+40% 60 0.45 20 0.150 100 0.75 

120-20% 120 0.90 10 -0.075 100 0.75 

140-40% 140 1.05 20 -0.150 100 0.75 

100+20% 100 0.75 10 0.075 120 0.9 

100+40% 100 0.75 20 0.150 140 1.05 

100-20% 100 0.75 10 -0.075 80 0.60 

100-40% 100 0.75 20 -0.150 60 0.45 

                                                             
1
 80 + 20% indicates 20% of gas was added into the membranes and 80% gas as background fluidization velocity to keep the total 

gas flow rate at the outlet equals the flow rate of the reference case (no gas permeation) 
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Figure 5.1: Schematic representation of the experimental setup for gas 

back-mixing measurements. 

5.3 Results and discussion 

Before measuring the gas back-mixing behaviour, the solids 

circulation patterns and solids hold-up and the effect of gas addition 

or extraction via the walls have been analysed by using a combined 

PIV/DIA technique. Subsequently, the profiles of the tracer gas 

concentration in the lateral and axial direction and the effect of gas 

permeation through the walls thereon are discussed and compared 

with the reference case. Finally, the effect of gas permeation via 

Sample 
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membranes from the left and right sides, the influence of the 

membrane area, permeation gas velocity and static bed height on 

the extent of gas back-mixing is quantified and discussed. 

5.3.1 Solids circulation patterns and solids hold-up 

distribution 

The gas mixing inside the fluidized bed is strongly related to the 

hydrodynamics and solids circulation patterns. Thus, in order to 

better explain the observed effects in the following sections, first an 

analysis has been performed on the hydrodynamic characteristics 

and the effect of gas permeation through the membranes on the 

solids circulation patterns. 

Figure 5.2 shows the solids circulation patterns inside the fluidized 

bed in cases of 20% and 40% gas permeation (addition or 

withdrawal) from the left and right walls (relative to the superficial 

gas velocity via the bottom distributor), as was already discussed in 

more detail by Dang et al. (2013). The reference case clearly shows 

the typical solids circulation pattern with solids ascending in the 

centre of the bed (due to drag with rising bubbles) and descending at 

the walls. If gas is extracted via the membranes, densified zones are 

created close to the membrane walls with less solids mixing (lower 

solids fluxes) and more gas by-passing through the centre of the bed. 

Contrary to gas extraction, an inversed solids circulation pattern 

compared to the reference case was observed in case of gas 

addition. As explained by Dang et al. (2013), there is a strong 

competition between the drag exerted on the solids by the 

background gas and the gas permeated via the walls. If the 

permeation gas velocity is significant compared to the superficial gas 

velocity, the entire solids circulation pattern is reversed (see the case 
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60%+40%), which results in gas by-passing near the membrane walls. 

This finding is also confirmed by the case of constant outflow 

velocity reported in the supplementary material in Appendix A2. It is 

clear that both the formation of densified zones (in case of gas 

extraction) and the reversed solids flow pattern (in case of gas 

extraction) will have an important effect on the gas back-mixing. The 

following section will quantify this effect, also as a function of the 

superficial gas velocity, permeation velocity and membrane area.
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Figure 5.2: Solids circulation patterns and solids volume fraction 

distribution for the cases of constant outflow fluidization gas velocity, 

showing the influence of gas permeation through the membranes from the 

left and right walls.  The scale of solids volume fraction is presented from 0 

(only gas phase) to 0.6 (close to maximum solid packing fraction). 

5.3.2 Influence of gas permeation on the gas back-mixing 

First the reference case without gas permeation via the walls is 

considered. Figure 5.3(a) reports the axial tracer gas concentration 

profiles at 10 mm lateral position from the bed centre. As expected, 

the tracer concentration  just above the injection point (located at 45 

mm above the bottom distributor) is very high because of the 

upward gas flow and upward injection, in accordance with Gilliland 

and Mason (1949), whereas a lower tracer gas concentration is 

found below the injection point due to gas back-mixing. Figure 5.3(b) 

shows the local lateral tracer gas concentration profiles measured 

below the injection point at different axial positions. The 
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concentration was measured at 18 mm, 27 mm and 36 mm above 

the bottom distributor) and from 0 to 20 mm from the centre of the 

bed in the lateral position (where 0 indicates the lateral centre of the 

fluidised bed). The results show that the tracer concentration 

decreases as the distance from the injector increases for all lateral 

positions. In addition, a somewhat higher concentration was found 

near the walls and a slightly lower value in the centre. This is 

expected as the injected gas flows upwards, but the tracer gas is also 

dragged along by the descending solids that move downwards near 

the walls, as Figure 5.2 clearly shows also in accordance with 

literature data (Gilliland and Mason (1949)). 
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                      (a) 

 

   (b)   

Figure 5.3: Axial profiles of the tracer concentration at 10 mm from the 

lateral centre of the bed (a) and b) lateral tracer concentration profiles 

below the injection point for the reference case. Experiments were carried 

out for one half-side of the fluidised bed, 0 indicates the lateral centre of 

the bed. Note that H (mm) is the distance from the bottom distributor to 

the injection point. 

The interesting question now is whether and how gas permeation 

through the membranes (gas addition/extraction) influences the gas 

back-mixing and to what extent. Therefore, the previous 
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experiments have been repeated with gas permeation via the left 

and right walls. The resulting lateral tracer gas concentration profiles 

are reported in Figure 5.4. The tracer gas concentration profiles for 

the reference case (without gas permeation) and with 40% of gas 

permeation from the sides (relative to the background fluidization 

gas velocity) are shown at an axial position of 36 mm above the 

bottom distributor.  

The lateral concentration profile of the reference case shows that 

the tracer gas concentration is slightly increased towards the walls as 

explained above. For the gas extraction case a similar trend 

compared to the reference case can be observed although the tracer 

gas concentration is much lower for all lateral positions compared 

with the reference case. This observation can be explained by 

considering the solids circulation patterns as described above (Figure 

5.2). In the case of gas extraction, densified semi-stagnant zones are 

formed near the membrane walls where the solids mobility is much 

reduced compared with the reference case, which results in reduced 

gas back-mixing. On the other hand, much more gas is forced 

towards the centre of the bed (see Figure 5.2) with a consequent 

dilution of the tracer gas. 
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Figure 5.4: Concentration profiles at axial position (from the bottom 

distributor) H = 36 mm with constant superficial gas velocity and 40% gas 

addition/extraction from the left and right sides. 

The case of gas addition shows a lateral tracer gas concentration 

profile completely inverted compared to the reference case. The 

tracer gas concentration is higher in the centre and decreases 

towards the membrane walls. Again, this is completely in line with 

the solids circulation patterns. In fact for the gas addition case the 

solids circulation patterns are inverted compared to the reference 

case (Figure 5.2) and thus the solids descend in the centre of the bed 

resulting in increased gas back-mixing in this zone, while the gas 

addition through the membranes results in tracer gas dilution close 

to the membrane walls.  

These results show that the gas permeation through the walls indeed 

greatly influences the gas back-mixing and the influence is directly 

related to the solids circulation patterns induced by the permeation 

of gas. 

To better quantify the extent of gas back-mixing in terms of a 

lumped dispersion coefficient in case of membrane permeation, 
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more experiments have been carried out by varying the most 

important design and operating parameters. The results are reported 

in the following sections and in the supplementary material 

(Appendix A2). 

5.3.3 Influence of the superficial gas velocity 

The influence of the superficial gas velocity on the gas back-mixing is 

presented in Figure 5.5 with 40% of the gas added or extracted via 

the membranes. Previous experimental results indicated that the 

increase in the fluidization gas velocity (in a bed without 

membranes) decreases the back-mixing coefficient, as well as the 

radial and axial dispersion (see for instance Zhang et al. (2008) and 

Du et al. (2002)).  

The gas extraction case shows again decreased gas back-mixing 

compared with the reference case, although the case 140%-40% (for 

constant outflow) shows a higher tracer gas profile than the case of 

100%-40% (for constant inflow). This fact suggests that the ratio 

between the permeation velocity and the fluidization velocity has an 

important influence on the extent of gas back-mixing. This 

observation is also in agreement with previous observations on the 

hydrodynamics of this kind of membrane reactors (Dang et al. 

(2013)) that indicated that a lower ratio of the permeation velocity 

and background gas velocity results in a decreased extent of 

densified zones. The same observation can be done for the case of 

gas addition. As can be seen, the case 60% + 40% (constant outflow) 

shows a more pronounced change compared to the reference case 

than the case 100%+40% (constant inflow) directly related to the 

more pronounced solids circulation inversion in the case of a higher 

ratio of the permeation gas velocity and background velocity. 
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                                                           (a) 

 

                                                                         (b)  

Figure 5.5: Influence of the fluidization gas velocity on the gas back-mixing 

with 40% gas extraction (a) and 40% gas addition (b). 

These results show that an important parameter to be taken into 

account is the ratio between the permeation velocity and the 

background velocity. This ratio can be tuned by varying different 

parameters such as the permeation rate, the membrane length and 
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or the static bed height. These experiments have been carried out 

systematically in this work and they all confirm this observation. The 

interested reader can find these experimental results in Appendix 

A2.  

In the next section, the extent of gas back-mixing is quantified in 

terms of an axial dispersion coefficient. 

5.3.4 Quantification of gas back-mixing in terms of 

dispersion coefficients 

The axial gas back-mixing coefficient is defined by assuming upward 

plug flow behaviour of the gas with superimposed axial dispersion. 

The time-averaged and laterally averaged mass balance for the 

tracer gas (ignoring influences of temporal fluctuations) can be 

expressed as in Eqn. (5.3) 

2

, 2
0

g

g

a g

U
d C

d C
D

dz dz

ε

 
  
 − =      (5.3) 

with the boundary conditions 

0 ,

, 0

Fz z C C

z C

= =

= − ∝ =
 

where z0 is the axial position at the injection point and z is the 

distance between the tracing points to the injection point. Eqn. (5.3) 

is usually solved by assuming 
( )

( )

g

g

U z

zε
 to be constant, which allows an 

analytical solution for Eqn. (5.3). The results for the axial gas 

dispersion coefficient will be compared to the solution of the ode, 

where the measured axial profile for the superficial gas velocity and 

bed porosity is taken into account.  
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Gas back-mixing coefficient using constant interstitial gas velocity 

During gas extraction/addition, the superficial gas flow rate and 

porosity vary along the bed height. The local voidage was 

determined in this work applying Digital Image Analysis (DIA) on the 

images recorded by the high speed camera (for more information, 

see Dang et al. (2013) and Chapter 2). The total superficial gas inside 

the bed varies as a function of the axial position and can be 

calculated by Eqn. (5.4) 









±×+= )(1)( , R

H

H
UzU

memb

referencegg     (5.4) 

where:  

Ug,(z): Total gas flow at the axial position of z [m.s
-1

] 

Ug,reference: Superficial gas velocity for the reference case [m.s
-1

] 

H: Axial position (considered from the bottom distributor) in the bed 

[mm] 

z0: Axial position at the injection point, considered from the bottom 

distributor [m] 

Hmemb: Total membrane height [mm] (40 or 80 mm in this study). 

R: permeation ratio varies from 0% (reference) to 40% (for gas 

addition (+R) and gas extraction (-R)). 
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Figure 5.6: Variation of interstitial gas velocity  
( )

( )

g

g

U z

zε
  as a function of 

axial position for constant outflow (a) and constant inflow (b). It is noted 

that ( 0z z− ) is the distance from the injection point towards the bottom 

distributor.  

The influence of gas permeation on the interstitial gas velocity 

( )

( )

g

g

U z

zε
 as a function of the axial coordinate has been shown in Figure 

5.6. Although the graph shows a variation of 
( )

( )

g

g

U z

zε
in the axial 
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direction, in the range where the gas concentration was measured (H 

= 18 to 36 mm, corresponding to 0( )z z−  = -9 to -27 mm), the 

variation of the ratio of the superficial gas velocity and the gas hold-

up is not very pronounced, especially for the reference case (no gas 

permeation through the membranes). Thus, in this particular case 

the assumption often made in literature for fluidized beds without 

membranes that the averaged interstitial gas velocity
g

g

U

ε
is constant, 

was indeed reasonably justified. With this assumption the solution of 

Eqn. (5.3) is 

0

,

( ) 1
ln ( )

g

F g a g

UC z
z z

C Dε
= −    (5.5) 

For each axial position in the bed, the tracer concentration was 

averaged using the four lateral tracer concentrations measured at 

each row of the sampling positions. The axial dispersion coefficient is 

then obtained from the slope of 
( )

ln
F

C z

C
against ( )oz z−  as shown in 

Figure 5.7. For the case without permeation, for which the 

assumption of constant 
g

g

U

ε
is reasonably justified, an axial gas 

dispersion coefficient equal to 0.0047 m
2
.s

-1
 is obtained. This value 

will be compared with the more accurate solution in the next section 

where the axial variation of the superficial gas velocity and gas hold-

up is taken into account. 
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Figure 5.7: 
( )

ln
F

C z

C
 plotted as a function of ( )oz z− to determine the gad 

back-mixing coefficient from the slope using. 

Gas back-mixing coefficient accounting for variation of the 

interstitial gas velocity along the axial positions 

A more complete and accurate solution can be obtained by 

accounting for the dependency of the velocity/porosity ratio with 

the axial position as shown in Figure 5.6; the variation of 
( )

( )

g

g

U z

zε
 can 

be reasonably described with a polynomial as shown in Eqn. (5.6) 

2

0 1 2

( )
( )

( )

g

g

U z
A A z A z

zε
= + +    (5.6) 

where A0, A1 and A2 are the fitted parameters from the different 

cases, as determined from Figure 5.6, and shown in Table 5. 2.  
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Table 5. 2: Fitted parameters for  
( )

( )

g

g

U z

zε
 (Eqn. (5.6)) for different 

experiments 

Experiment A0 A1 A2 

Reference 0.0002 0.001 1.244 

100%+40% 0.0001 0.0091 1.6275 

100%-40% 0.0003 -0.0077 0.7996 

140%-40% 0.0004 -0.0022 1.2647 

60%+40% 0.0001 0.0138 1.3257 

 

Thus Eqn. (5.3) becomes: 

2
2

, 2 1 0 2 12
( ) (2 ) 0

a g

d C dC
D A z A z A A z A C

dz dz
− + + − + =          (5.7) 

with boundary conditions: 

0 ,

, 0

Fz z C C

z C

= =

= − ∝ =
  

This ode was solved numerically and the gas back-mixing coefficient 

Da,g was determined by means of nonlinear regression minimizing 

the square of the differences between the measured point tracer 

response curve at various axial positions and the calculated values 

using Eqn. (5.7). An example of this regression for the case of no 

permeation (reference case) is reported in Figure 5.8.  
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Figure 5.8: Numerical fitting (Eqn. (5.7)) of experimental data for

F

C

C
. 

Although the variation of 
( )

( )

g

g

U z

zε
is very limited in the range 

investigated for the reference case, the second approach results in a 

better description and estimation. In fact, for the reference case the 

new approach leads to a value of Da,g equal to 0.0034 m
2
.s

-1
. The 

difference between the two approaches also lays in the fact that the 

numerical solution better fits all the experimental points including 

the boundary conditions. For the previous solution for 
U

ε
 (as often 

done in literature) the fit is only for the three experimental points 

(for each operating condition); however, this fitting curve should in 

principle also pass through zero as indicated by other authors to 

explain deviations in the coefficient evaluated experimentally (Li et 

al. (1988), Namkung et al. (1998) and Zhang et al. (2008)). This also 
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explains the deviation between the Da,g evaluated by the two 

methods. In the case of gas addition or extraction through the 

membranes the change of the interstitial velocity in the axial 

direction is even more pronounced and this needs to be taken into 

account when determining the axial gas-back mixing coefficient.  

 

Figure 5.9: Gas back-mixing in case of gas permeation with constant 

outflow velocity (circles) and constant inflow velocity (squares). 

Figure 5.9 summarizes the results for the gas back-mixing coefficient 

as a function of the gas permeation ratio. As can be observed, the 

higher the gas extraction ratio, the lower the gas back-mixing 

coefficeint  compared to the reference case, whereas the higher the 

gas addition ratio, the higher the gas back-mixing coefficient. 

Although the gas back-mixing coefficient is reduced in case of gas 

extraction and this may seem a positive effect, we should highlight 

once more that the extraction of gas gives two negative effects: (i) it 

creates densified zones near the membranes which reduces the gas 
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exchange between the bubble and emulsion phases as well as from 

the bed to the membrane walls and (ii) increases the gas by-passing 

in the bed center. In case of gas addition, the increased gas back-

mixing due to the solids inversion and gas by-passing via the walls 

compared to the reference case also has adverse effects on the  heat 

and mass transfer characteristics. Moreover, it has been found that 

the gas extraction reduces gas back-mixing especially for the 

constant inflow operation, because of the decreased averaged 

superficial gas velocity. 

The same approach has been used to fit the other experimental 

data. By comparing the influence of the membrane length on the 

overall dispersion coefficients at different gas permeation ratios 

(data see Appendix A2), it has been found that the membrane area 

does not significantly affect the overall gas back-mixing coefficients.  

This is related to the fact that the membrane area influences both 

the concentration and the gas velocity profiles; the combination of 

both effects apparently results in unchanged extent of gas back-

mixing. This is an important finding because it indicates that we can 

avoid densified zones by increasing the membrane area (Dang et al. 

(2013)), while not increasing the extent of gas back-mixing.   

From the data it can be concluded that, the addition of gas increases 

the gas back-mixing while the extraction of gas reduces the gas back-

mixing. It should be noted that these results for the case of gas 

addition is contrary to the finding reported by Desmukh et al. (2007), 

who found that gas addition decreased the gas back-mixing degree. 

The difference is most probably related to the different membrane 

and fluidized bed configuration. Deshmukh et al. (2007) used 

horizontally positioned membrane bundles submerged in the 

fluidized bed, whereas in this work the membranes are positioned in 

the vertical walls. 
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(a)                                                      (b) 

Figure 5.10: Solids flux profiles for the reference cases with dp = 100- 200 

µm (a) and dp = 400-600 µm (b). 

Moreover, the gas back-mixing coefficient found in our study is much 

lower than values previously reported in the literature (Li et al. 

(1988), Namkung et al. (1998), Du et al. (2002), Sane et al. (1996)). 

This could be due to the different particle size used (Geldard A in 

literature and Geldard B in this study) and its effect on the solids 

circulation patterns. As indicated by Nguyen et al. (1977), “gas back-

mixing happens if the velocity of solids downflow exceeds the 

interstitial gas velocity”. To elucidate this further, the solids flux 

profiles were measured for two different particle sizes, shown in 

Figure 5.10. Figure 5.10 clearly shows that the downward solids flux 
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near the walls for the particle size dp = 100-200 µm is much higher 

than its interstitial gas velocity (Ug = 0.2 m/s indicating Uint. ≈  0.34 

m/s), resulting in increased gas back-mixing. Experiments using a 

particle size of dp = 400-600 µm show a much lower solids 

downwards flux than the interstitial gas velocity, resulting in 

decreased gas back-mixing. This finding also provides a guideline for 

the particle size to be used from a gas back-mixing point of view: it 

seems that very small particle sizes are not preferred in membrane-

assisted fluidized bed reactors with membrane permeation via the 

walls. The extent of gas back-mixing also strongly depends on the 

reactor scale and the values found in this work are much lower than 

found for larger commercial scale fluidized vessels (Namkung et al. 

(1998)) up to 40 times lower than the findings of Namkung et al. 

(1998) and Zhang et al. (2008). Thus gas back-mixing is smallest in 

micro-structured fluidized beds with relatively large particles.  

5.4 Conclusions 

The tracer gas injection and gas sampling technique in combination 

with DIA was employed to study the influence of gas permeation on 

the gas back-mixing characteristics in micro-structured membrane-

assisted fluidized beds. The extension with the DIA technique allows 

taking the axial variation of the gas porosity into account. It was 

shown that it is important to account for the axial variation of the 

gas velocity and porosity when determining the axial gas back-mixing 

coefficient. Decreased gas back-mixing coefficients for the case of 

gas extraction and increased gas back-mixing coefficients for the 

case of gas addition were determined (up to a factor of 2), which 

could be well explained by the effects of gas permeation on the 

solids flux profiles, as determined simultaneously with PIV/DIA. The 

decreased back-mixing in case of gas extraction is, however, related 
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to the increased gas by-passing in the centre of the bed as a result of 

the formation of densified zones near the membrane walls. The 

maximal gas back-mixing coefficients measured in this study (Da,g ≈ 

0.005 m
2
.s

-1
) were much lower than previously reported in literature 

for fluidized beds with smaller particles (FCC particles) and in larger 

scale fluidized beds (Da,g ≈  0.2 m
2
.s

-1
, bed width of 500 mm). This 

indicates that with micro-structuring of the membrane fluidized bed 

(thus maximizing the installed membrane area per unit reactor 

volume) while using relatively large particles, not only the formation 

of densified zones can be decreased (thus avoiding bed-to-

membrane mass transfer limitations), but also the extent of gas 

back-mixing can be decreased (maximizing the driving force for 

membrane permeation). 
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6 
Development of a novel infrared imaging technique 

for mass transfer studies in gas-solids fluidized beds 

 

Abstract 

This chapter describes the development of a novel experimental 

technique for instantaneous whole-field, non-invasive gas 

concentration measurements in gas-solid fluidized beds with high 

temporal and spatial resolution. The technique is based on digital 

image analysis of images acquired with an infrared (IR) and a visual 

(VIS) high-speed cameras to obtain the local instantaneous gas-

phase carbon dioxide concentration distribution. The IR 

transmittance technique has first been calibrated with single gas-

phase measurements using a pseudo-2D sapphire bed. Subsequently, 

the application of the technique has been extended to gas-solids 

fluidized beds by using either the images in the visual wavelength 

range or by using thresholding and a high pass filter to identify and 

correct the IR image for the presence of the particles and their effect 



6 Development of a novel Infrared Imaging Technique 

 

140 

 

(scattering and self-reflection). This technique enables CO2 

concentration measurements in the dilute regions of the fluidized 

beds and in particular inside rising bubbles in bubbling gas-solid 

fluidized beds or in the dilute regions in turbulent fluidized beds. The 

novel developed technique allows, amongst other applications, 

quantification of the bubble-to-emulsion phase mass transfer rate in 

(freely) bubbling fluidized beds or gas mixing rates in fluidized beds 

operated in the turbulent fluidization regime, non-invasively and with 

high spatial and temporal resolution as will be demonstrated in 

Chapter 7.  

6.1 Introduction 

Gas-solids fluidized beds have found wide-spread application in the 

chemical process and industry due to their excellent mixing and heat 

transfer characteristics. Recent studies on solids mixing have been 

carried out both from an experimental and theoretical point of view 

by (Muller et al. (2007), Laverman et al. (2008), de Jong et al. (2011, 

2012)).  It has been found that coalescence of bubbles, as well as the 

down-flow of solids near the walls results in increased mass transfer 

limitations, which may influence the overall efficiency of these 

reactors. Despite their wide application, our understanding of the 

dynamics of the gas and solids flows and how they affect the gas 

mixing in fluidized bed (membrane) reactors is still far from 

complete. Therefore, it becomes of great importance to better 

quantify the gas-mixing and mass transfer characteristics in fluidized 

beds.  

The gas exchange between the bubble and emulsion phases in 

bubbling gas-solids fluidized beds may occur via the combined 

effects of gas diffusion, coherent gas flow and solids motion carrying 
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adsorbed gas atoms (Davidson et al. (1963), Kunii and Levenspiel 

(1968), Stephen et al. (1967)). Experiments of bubble-to-emulsion 

phase gas exchange have generally used invasive techniques (such as 

gas injection/extraction), where bubbles containing a tracer gas are 

injected into an incipiently fluidized bed and the concentrations of 

the tracer gas are measured either in the emulsion phase or at the 

outlet of the bed (see e.g. Li et al. (1989), Nguyen et al. (1978), Patil 

et al. (2003), Desmuskh et al. (2004)). The invasive probe obstructs 

the flow path of both gas and solids and inevitably disturbs the bed 

operation, while the injected bubbles differ significantly from 

naturally generated bubbles in terms of size, density and dynamics. 

Recent developments are based on imaging techniques like X-ray 

(Roels et al. (2006)) and MRI (Muller et al. (2007, 2008)) which have 

allowed non-intrusive and fast measurements of the flow behaviour. 

Pavlin et al. (2007) applied the NMR technique to measure the mass 

transfer from bubble-to-emulsion phase in gas-solids fluidized beds 

by using laser-polarized xenon (
129

Xe). However, the application of 

MRI techniques is limited by an extremely high investment cost, the 

fluid needs to contain MR-sensitive nuclei and the size of the 

apparatus under investigation is very limited by the magnet bore 

size. Moreover, the technique does not provide an instantaneous, 

whole-field measurement of the tracer gas, but time-averaged gas-

solids information based on measurements of the solids. A 

qualitative description of gas flowing through a bubble in a gas-solids 

fluidized bed was given in the early work by Rowe et al. (1964), who 

injected bubbles of nitrogen dioxide (visible brownish gas) into 

pseudo-2D beds. However, to the author’s knowledge, the bubble-

to-emulsion mass exchange in fluidized bed has never been 

investigated quantitatively with optical techniques due to 

experimental difficulties associated with the opaqueness of the 
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fluidized beds and transparency (like CO2, He) or toxicity (NO2) of 

tracer gases that hamper the detection of the gas streamlines. 

Related to these measurement difficulties, all the models in the 

literature (e.g. Davidson et al. (1963), Chiba et al. (1970)) are based 

on the assumption of a uniform concentration profile inside the 

bubble and a constant bubble volume and rise velocity. However, 

Patil et al. (2003) demonstrated by CFD simulations that the 

concentration inside the bubble is non-uniform; in particular the gas 

concentration is lower in the centre and at the bottom part of the 

bubbles. To more exactly quantify the mass exchange rate in 

bubbling fluidized bed systems, detailed information on the gas flow 

patterns as well as the concentration distribution inside the bubble 

are of great importance. This work aims at developing a new 

experimental technique that will allow non-invasive, instantaneous 

whole-field concentration measurements to evaluate the 

assumptions used in mass transfer closure models described in the 

open literature, and to quantify the bubble-to-emulsion phase mass 

exchange. 

This chapter proposes a novel optical technique based on imaging 

with a high speed infrared camera equipped with an optical filter 

centred at an IR absorbing wavelength of a tracer gas. The 

development of the IR camera technique is addressed, using a 

dedicated experimental setup with CO2 as tracer gas. First, the 

calibration procedure for gas phase CO2 concentration 

measurements is presented. The technique is subsequently extended 

to the application of CO2 gas concentration measurements in gas-

solid fluidized beds for evaluation of the bubble-to-emulsion phase 

mass transfer rate. The extension to gas-solids fluidized beds is made 

possible by coupling images from both high speed cameras in the 

infrared and visual wavelength using a novel Digital Image Analysis 
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(DIA) algorithm. The images obtained in the visual wavelength are 

used to correct the IR images for the presence of the particles inside 

the bubbles. These images can also be used for simultaneous Particle 

Image Velocimetry to obtain the solid fluxes when coupled with DIA 

which have been presented in Chapters 3 and 4. Another method 

based on thresholding and subsequent application of a high pass 

filter of the IR image (thus without VIS image) was developed for 

cases with a relatively high particle concentration in the dilute region 

to better correct for IR scattering and self-reflections of the particles. 

The novel technique has been applied to investigate the tracer gas 

concentration profiles inside injected bubbles into a fluidized bed at 

incipient fluidization conditions to study the bubble-to-emulsion 

phase mass transfer rate, and to study gas mixing in turbulent 

fluidization described in Chapter 7. 

6.2 Measurement principle 

6.2.1 Infrared imaging technique 

Any object with a temperature above 0 K will emit radiation, both in 

the visual as well as in the IR wavelength range, where the radiation 

intensity depends on the temperature of the object. IR detectors 

correlate electrical signals to the incident infrared radiation intensity. 

Instruments using modern IR detectors and optics to gather and 

focus energy from targets onto these detectors are capable of 

measuring target surface spot temperatures with sensitivities up to 

0.1
°
C and with a response time in the microsecond range (spot 

radiometers). An IR camera can combine this measurement 

capability and convert the IR radiation measurements into digital 

level (DL) signals.  
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If a gas, such as CO2, is present between the emitting object and the 

camera, this gas will absorb part of the radiation, where different 

components absorb radiation to a different extent at different 

wavelength, and the signal of the camera will decrease (note that 

the gas itself also emits, but this intensity is significantly lower than 

that of the radiation absorbed). The extent of this decrease thus 

depends on the gas component and its concentration. The novel 

technique proposed is based on this principle of decreased 

transmission. Firstly, a pseudo-2D fluidized bed column (i.e. with a 

relatively small depth of the column) is placed in between the 

emitting object and the IR camera. The column is made out of 

sapphire to reduce the absorption of IR radiation by the column itself 

as much as possible. Sapphire transmits infrared in the same 

wavelength range in which the IR camera is sensitive, as well as in 

the visual range. Additionally, it is scratch resistant and available at 

reasonable size for a 2D fluidized bed column, contrary to other 

crystals on the market. The methodology of the IR camera technique 

is illustrated in Figure 6.1.    

IR source

 

Figure 6.1: Working principle of the infrared imaging technique. 
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The effect of the sapphire column on the transmittance is firstly 

evaluated before any measurements with the tracer gas. 

Subsequently, CO2 is injected into the column and the decrease of 

the signal registered by the camera is correlated to the CO2 

concentration inside the column. The quantitative analysis and the 

calibration procedure is reported in the following sections. 

6.2.2 Quantitative analysis 

The stretching vibration of CO2 is asymmetric and produces a dipole 

moment, which oscillates with the vibrational frequency and is active 

in the infrared. This results in absorption at 4.26 μm (2350 cm
-1

). 

Additionally, the bending motion also gives a dipole moment, 

corresponding to an absorption band at 15 μm (667 cm
-1

) (Bauman 

(1962)). In this work, a very narrow band optical filter for CO2 

(supplied by Northumbria Optical Coatings Limited, U.K.) has been 

used in front of the IR camera detector that allows CO2 to be filtered 

at 4.26 μm wavelength.  

The signal generated by the camera when a sapphire column flushed 

with pure nitrogen (N2) is placed in between the IR source and the 

camera, is indicated with DL0. When CO2 is fed into the column, it 

absorbs part of the infrared radiation and the remaining signal 

transmitted to the camera is denoted with DL. From these two 

signals the transmittance and absorbance can be defined as: 

0DL

DL
T =       (6.1) 

0

ln
DL

DL
A −=       (6.2) 

The absorbance is in theory linearly proportional to the CO2 

concentration according to Lambert Beer’s law: 
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aClCA =−= ε      (6.3) 

Where C = concentration [mol.l
-1

], ℓ  = target length [cm], ε: molar 

absorbance [mol
-1

.cm
-2

] and a is a function of l and	�. 

However, the linear relationship between absorbance and 

concentration is not always obeyed especially at high concentrations, 

but also because of the presence of instrument effects such as the 

lack of proportionality between the camera signal and the incident 

radiation intensity and a wavelength range over which the camera 

integrates instead of a single wavelength. Following Buijs et al. 

(1969), we propose a power law series to take the effects of 

concentration, instrument effects, as well as surrounding effects into 

account in a lumped fashion: 

n

n
CaCaCaCaA ++++= .....3

3

2

21   (6.4)
 
 

6.3 Experimental setup 

The experimental setup is schematically depicted in Figure 6.2. An 

anodized aluminium slab (150x300x20 mm
3
) was used as an IR 

source.  The IR source was heated up via 15 electrical hot rods placed 

inside the slab and the temperature was controlled at 430 ± 5
o
C. A 

good insulation (combined with the high thermal inertia of the plate 

and proper PI control) ensures a stable temperature during the 

experiments. A pseudo-2D sapphire column (width = 40 mm, height 

= 200 mm and thickness = 5 mm) was installed in front of the IR 

source. The 2D column allows IR measurements (sapphire being 

almost transparent in the relevant IR wavelength ranges) as well as 

PIV measurements with visual cameras. Wall absorbance and 

reflection were minimized by using a sapphire glass (purchased from 

the Technical Glass Company) with a small thickness (3 mm) and with 

smoothly polished surfaces. A porous metal plate with an average 
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pore size of 10 µm and 3 mm thick was used as the gas distributor at 

the bottom. A nozzle (4 mm inner diameter) was used in the centre 

of the distributor for CO2 injection. A high speed IR camera FLIR 

series SC7000 (resolution 512x640 pixels), allowing a maximum full 

frame rate of 100 frames per second, was used to detect the 

transmitted IR radiation. An optical CO2 filter with a narrow band 

pass (4.26±0.03 µm) was put onto the camera for CO2 detection. The 

camera was positioned at a proper distance and orientation to be 

able to capture the interested areas of the target column and to 

avoid camera self-reflection, causing the narcissus effect. The 

wavelength operation of the IR camera allows CO2 to be detected at 

4.26 ± 0.03 µm wavelength. 
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Figure 6.2: Experimental setup of combined PIV/IR/DIA.
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The experimental setup was placed in a box with controlled 

ventilation to avoid (or decrease) the effects of the environment on 

the experimental results. In fact, for instance, also water is absorbing 

IR radiation and thus the humidity in the environment and in the 

feeding gases has to be controlled. The room is air conditioned and 

the walls are uniformly emitting. 

The gas flow rates were controlled with Brooks mass flow 

controllers. For CO2 injection, a piston with adjustable volume has 

been used that allows fast injection of a measured amount of CO2 via 

a nozzle (d = 4 mm) into the bed. N2 was used as diluting gas in single 

phase measurements and as fluidizing gas in fluidized bed 

measurements. For gas-solid measurements the column is filled with 

glass beads as bed material (dp = 400-600 µm, ρp = 2525 kg.m
-3

, 

purchased from Sigmund Linder), continuously fluidized by N2 at 

minimum fluidization gas velocity. The minimum fluidization gas 

velocity of 0.21 m.s
-1

 was measured by the pressure drop method. 

The fluidizing gas was first dried by adsorbing any possible traces of 

H2O onto SiO2. CO2 is filled in a piston at a certain pre-pressure via a 

three-way valve (V2 in Figure 6.2). For fast bubble injection CO2 

inside the piston is compressed by air at high pressure (6 bar) and 

subsequently released into the column through a solenoid valve (Vs), 

opened in 0.01 s. The amount of CO2 injected was determined by the 

different pressure before and after injection and the volume of CO2 

filled into the piston. The injection velocity was calculated from the 

amount of tracer gas and the injection time. 

To avoid electrostatic charging of the particles and the column walls, 

the particles were first discharged by ionized air with an air gun, this 

avoids particles sticking to front and back walls of the column, which 
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would otherwise seriously affect the fluidization behaviour. The front 

and back walls were also pre-treated with an antistatic agent. 

For the gas mixing study in freely bubbling and turbulent fluidization, 

CO2 was continuously injected at H = 20 mm from the bottom 

distributor in upwards direction via an injector (dinjector = 2 mm). The 

flow rate of the injection flow was kept at 2% of the total flow at the 

outlet of the bed. With this condition, the injector velocity is 

maintained at the same superficial gas velocity from the distributor 

to minimize the influence of the injection on the hydrodynamics of 

the beds. 

6.3.1 Infrared source 

In Figure 6.3, images of the IR source taken by the IR camera with 

and without the sapphire column are shown. The in-house made IR 

source described above emits sufficient radiation to achieve a 

relatively high camera signal intensity. With the sapphire column in 

front of the IR source the signal intensity is somewhat decreased 

because of incomplete transparency of the sapphire column. 

However, the transmitted intensity after passing through the 

sapphire column is still sufficiently high and can be considered as the 

incident intensity (DL0 value in Eqn. (6.1)). The signal intensities at all 

positions, as can be observed in Figure 6.3, are not completely 

uniform in the entire column. This is mostly related to differences in 

the surface temperature of the emitter as well as the sapphire 

material. However, this non-uniformity can be corrected for in the 

experiments by normalizing the images with this background 

“reference” image. In particular, the transmittance (or absorbance) is 

locally-normalized for every pixel of the IR image, by dividing the 

transmitted signal measured during a CO2 injection experiment by 
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the incident background signal measured in the column when 

flushing with nitrogen at the same position. 

       

Figure 6.3: Infrared images of IR source without the sapphire column (high 

IR signal level) and with the presence of the sapphire column (low IR signal 

level). 

Figure 6.4 shows the surface plots of IR images after local 

normalization and is translated into absorbance terms for the cases 

when feeding 50% and 20% of CO2 in N2 to the empty column 

respectively, which are very flat and smooth, indicating a very 

uniform absorbance when feeding a fixed CO2 concentration. It can 

also be seen that the absorbance of 50% CO2 is much higher than 

20% CO2 corresponding to a higher IR absorption at higher CO2 

concentrations. This indicates that the absorbance detected by the 

IR camera can directly be correlated to the CO2 concentration inside 

the column. 
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Figure 6.4: Surface plots of CO2 absorbance with difference CO2/N2 gas 

mixtures. 

6.3.2 Influence of the distance between the column and 

the IR camera 

The influence of the optical path length between the camera and the 

target column has been assessed by varying the camera position to 

closer to or further away from the sapphire column. In order to 

capture the whole target area of interest, the distance between 

camera and sapphire column has been varied from 665 mm to 790 

mm.  
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Figure 6.5: Averaged transmittance of IR camera as a function of CO2 

concentration at different distances from the sapphire column to the IR 

camera. 

Figure 6.5 plots the dependency of the IR camera signal as a function 

of the CO2 concentration in the fluidizing gas for different distances 

between the IR camera and the target column. It can be seen that 

the transmittance is independent of the optical path length. This 

finding is in agreement with Vollmer and Mollmann (2011), who 

stressed that in this case the net result would be influenced at best 

by the presence of an absorbing gas inside the column rather than by 

the column depth and the distance between the camera and the 

column. 

6.3.3 Influence of integration time of the IR camera 

The integration time (IT) of the IR camera is a crucial parameter that 

strongly influences the accuracy of the novel technique. Proper 

selection of the integration time allows the generation of a uniform 

transmittance surface (in other words, avoids oversaturation) at a 

particular concentration while still maintaining a significantly high IR 
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camera signal. Too high IT would result in saturation of the IR images 

and would make it impossible to accurately correlate the signal with 

the CO2 concentration in the column. 

 

Figure 6.6: Transmittance of the IR camera for a 25% CO2/N2 gas mixture 

with different integration times: IT = 450 µs (a-bottom layer), 650 µs (b-

middle layer) and 950 µs (c-top layer). 

Figure 6.6 reports the apparent (normalized) transmittance of a 25% 

CO2/N2 gas mixture in the column as a function of the camera 

integration time (IT). As can be seen, a small integration time (450 

µm, Figure 6.6a) results in a very uniform apparent transmittance 

with a relatively small transmittance volume. This effect will limit the 

detection capability of the technique, indicating that the camera will 

hardly or very inaccurately detect CO2 at higher concentrations. A 

higher IT (650 µm) can result in a uniform apparent transmittance 

but with a significantly higher value (Figure 6.6b). At higher CO2 

concentrations, the transmittance significantly decreases, giving 

much more accurate measurements (see Figure 6.4 for the variation 
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of the transmittance with 20% and 50% of CO2). A further increase in 

IT (up to 900 µs) results in an even higher signal of the camera, but 

this goes with an unexpected non-uniform transmittance profile 

(Figure 6.6c), probably due to oversaturation of the image which will 

strongly decrease the accuracy of the measurement. The integration 

time of the camera should thus not be too high in order to avoid 

saturation of the image and not too low to maximize the accuracy of 

the technique. The optimal IT of 650 µs has been selected for the 

experiments in this work.  

6.4 Results and discussion 

The new technique has first been calibrated and validated in single 

phase (gas phase) flow and was subsequently extended to two phase 

gas-solid flow applications. In gas-solid systems, the particles are not 

completely transparent for IR radiation and emit and reflect and 

scatter the IR radiation which needs to be corrected for. The 

particles are removed from the IR image by using a high speed 

camera operated in the visual wavelength range and coupled with 

the IR camera for relatively small particle concentrations, or by using 

a thresholding technique in case of high particle concentrations 

6.4.1 Calibration  procedure 

Before starting the quantitative experiments an adequate calibration 

for the new technique is required. The calibration procedure is 

carried out by feeding a series of CO2/N2 gas mixtures into the 

sapphire column and recording IR images. Due to the very narrow 

bandwidth of the filter inside the camera, only CO2 is detected.  The 

concentration of CO2 is varied from 0 to 100% volume at ambient 

conditions (0 to 0.042 mol.l
-1

). Figure 6.7a shows the measurements 

of the averaged absorbance (averaged over all pixels since the 
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absorbance was quite uniform) as a function of the CO2 

concentration inside the column. The graph shows that at low CO2 

concentrations (0-0.01 mol.l
-1

), the correlation is approximately 

linear as described by the Lambert Beer correlation (Eqn. (6.3)), but a 

non-linear correlation is obtained at higher concentrations. For the 

studied range of concentrations, a third order correlation well 

describes the experimental data (Eqn. (6.5)).  

A = a1C + a2C
2 

+ a3C
3
     (6.5)

 

where a1, a2 and a3 are three fit parameters (a1 = 39.54 [l.mol
-1

], a2 = 

-1087 [l
2
.mol

-2
], a3 = 11805 [l

3
.mol

-3
], R

2
= 0.9972). 
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Figure 6.7: Averaged absorbance (a) and standard deviation of absorbance 

(b) as functions of CO2 concentration. 

The proposed correlation has been tested with two calibration gas 

mixtures of 5% and 20% CO2/N2. The experimental results using the 

above correlation resulted in a relative error of less than 0.2% (e.g. 

20.04% vs 20.00% for the higher concentration) with high 

reproducibility. 

In Figure 6.7b, the standard deviation of the integrated absorbance is 

plotted as a function of the CO2 concentration. It shows that the 

fluctuation in the absorbance is increased with increased 

concentration. However, the value remains very low (the highest 
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value of the standard deviation is about 0.0008) which again also 

illustrates the homogeneity of the absorbance.  

6.4.2 Application of the IR transmittance technique for 

single phase measurements 

One of the greatest advantages of the novel optical technique is the 

possibility to measure, non-invasively, the whole-field concentration 

profiles with high spatial and temporal resolution. This will become 

evident from the single gas phase measurements reported in this 

section. The experiment was performed with pure N2, continuously 

fed into the sapphire column. As N2 does not absorb IR radiation in 

the measured wavelength range, the transmittance does not change. 

At t = ti, a certain volume of CO2 is virtually instantaneously injected 

into the column via a nozzle from the distributor. Figure 6.8a shows 

an IR image in which the lower signals demonstrate the presence of 

CO2. The apparent absorbance is computed (Figure 6.8b) from this IR 

image and subsequently translated into the local CO2 concentration 

by applying the calibration equation represented by Eqn. (6.5). The 

whole-field concentration map is shown in Figure 6.8c, showing high 

CO2 concentrations in the middle of the jet, just above the injector as 

anticipated. As can be seen, the CO2 flow seems to flow 

preferentially to the left of the column; which is caused by the 

injection method in this test case.  
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(a)                                    (b)                        (c) 

Figure 6.8: IR image (a), absorbance (b) and CO2 concentration Ug = 3.75 

Umf, Uinjection = 17 m.s
-1

. 

Data collection at different times allows quantifying the gas mixing 

behaviour of gas phase reactors. In addition, by selecting the proper 

IR filters also other chemical components could in principle be 

detected quantitatively which would make the developed technique 

suitable to study and quantify the performance of gas phase reaction 

rates. This was not further pursued in this work. 

6.4.3 Extension of the novel technique to gas-solid flows 

The extension of the IR transmittance technique to gas-solid flows 

would make it possible (amongst many other applications) to 

measure non-invasively concentration profiles inside rising bubbles 

in gas-solid fluidized beds and gather important information on the 

bubble-to-emulsion gas exchange rate and gas mixing rate.  
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The main difficulty in extending the technique to bubbling fluidized 

beds is represented by the presence of particles which partly reflects 

and scatters the IR radiation, which results in a lower IR signal 

detected by the camera at the particle positions. Moreover, when 

bubbles are rising along the vertical direction, particles are raining 

from the roof of the bubbles into the bubble (in case Geldart B type 

particles). As the IR technique is indirect and can only detect changes 

in the camera signal, the presence of particles inside the bubbles 

would lead to erroneous concentration profiles, when not properly 

corrected for. To avoid this, the IR technique is coupled with the high 

speed visual measurements which allow detecting individual 

particles in the fluidized bed.  

For this reason, a visual high speed camera (VIS - 2016x2016 px
2
 @ 

1600 Hz from Lavision) is coupled with the IR camera via a pulse 

generator that sends a trigger to both IR and VIS cameras, for taking 

coupled IR-VIS images simultaneously. Subsequently, an in-house 

Digital Image Analysis (DIA) is developed to couple VIS and IR images 

for removing particles inside bubbles before correlating the IR signal 

to the CO2 concentration. The DIA script (by applying the MATLAB 

processing tool box) starts by importing both the VIS and IR images. 

Due to a slightly different angle of both cameras relative to the 

column, the VIS image is firstly aligned to the same direction of the 

IR image. Figure 6.9 shows all the steps of the VIS/IR/DIA coupling. 

The positions of particles inside the bubble and in the emulsion 

phase are easily detected from the VIS image based on the particle 

pixel intensity and translated into a binary image (black and white) 

using a threshold in which the white colour presents the particles 

and the black colour for the gas phase (Figure 6.9b). Subsequently, 

the particle detection image is coupled with the IR image (Figure 

6.9c) to identify the particles in the IR image. The pixel intensity in 
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the IR image, at the positions where particles are detected, are 

replaced by zero intensity. The IR image after removal of the 

particles (Figure 6.9d) contains only gas phase which is used to 

compute the concentration profile, by applying the calibration curve 

developed in section 6.4.1. Figure 6.9e and Figure 6.9f demonstrate 

the absorbance and concentration profiles inside the bubble.  

 

Figure 6.9: DIA algorithm for coupling VIS/IR/DIA with VIS image (a), 

particle detection (b), IR image (c), VIS corrected IR images (d), absorbance 

(e) and concentration profile in mol.l
-1

 (f). 

The next step in the DIA technique is to average the concentration 

inside the whole bubble as well as to determine the equivalent 

bubble diameter. The snapshot of the concentration profile (Figure 

6.9) shows some dark “spots” caused by the removal of some 

particles inside the bubble, which will not be taken into account 

when determining the averaged concentration.  
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The IR image after the removal of the particles contains only the 

bubble phase with high signal intensity. The total area of bubble Ab is 

easily calculated by counting the number of pixels with signal 

intensities above 0 (knowing the image magnification factor). The 

equivalent bubble diameter is subsequently evaluated using Eqn. 

(6.6): 

π
b

b

A
d

4
=      (6.6) 

6.4.4 Application of the combined IR/DIA to freely 

bubbling beds and turbulent fluidization 

In fluidized beds operated in the freely bubbling and turbulent 

fluidization regimes flow inhomogeneous such as, the presence of 

multiple bubbles, coalescence and break up of bubbles and the 

presence of solids clusters in dilute zones make the situation much 

more complicated than the case studied till now of a single bubble 

injected into a fluidized bed. Moreover, multiple bubbles moving 

through the bed increase the gas dispersion, especially in the lateral 

direction (Jovanovic et al. (1980)). This is particularly important in 

membrane assisted-fluidized bed reactors, as the lateral dispersion 

can improve the mass transfer rate from the bed to the membrane. 

The dispersion of gas flow has generally been studied by continuous 

injection of a small tracer gas flow at a certain position of the bed. 

The tracer gas concentration measured either inside the beds or at 

the outlet of the beds is used to quantify the extent of gas 

dispersion.  
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Figure 6.10: DIA processing for a single particle: IR image (a), particle 

removal with a threshold of 6400 DL (b), particle removal with threshold of 

7500 DL (c) and particle filter with window size of 7x7 px
2
. 

To apply our new IR technique to fluidized beds in the freely 

bubbling and turbulent regimes, the script has to be further adapted 

to correct for the presence of many particles (or clusters of particles) 

that would otherwise deteriorate the IR signal and result in 

erroneous CO2 concentration measurements. One possibility would 

be to use the visual camera to exactly determine the position of each 

particle in the image and subtract this particle from the IR image. 

However, this techniques has two disadvantages: i) we always need 

to use a visual camera coupled with IR camera, also in case when we 

are not interested in PIV measurements but only in concentration 

profiles, and ii) simply removing the particles still result in inaccurate 

CO2 concentration profiles due to the IR scattering of the particles. A 

method to remove the effect of the particles by using only the IR 

image has thus been developed, as discussed in the following. 
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The image processing method for the removal of the particles using 

the IR image is simplified by the fact that even low tracer gas 

concentrations typically already result in much higher IR signals 

compared to the very low signals obtained from the particles. To 

remove the particles from the IR images first a threshold intensity 

value was assigned to the particles. It is clear that, for a single 

particle (irrespective of the particle size) the lowest IR intensity 

corresponds to the centre of the particle, because the IR source is at 

the back of the sapphire column while the IR camera is placed in 

front of the sapphire column. Assigning the intensity at the particle 

centre as the threshold value (T) will allow identifying the centre of 

the particles (and eventually remove it from the image), but still the 

IR scattering effects would not be removed. For instance Figure 6.10 

shows the IR image of a single particle with the lowest signal in the 

centre and slightly higher values around the particle centre. It should 

be noted that in this experiment no tracer gas was fed to the 

column. As can be seen, the IR scattering (or self-reflection) due to 

the particle produces a lower IR signal around the particle in a region 

that is larger than the particle diameter itself. In fact, by simply 

subtracting a region equal to the particle diameter from the figure 

(Figure 6.10b) would result in a region around the particle where the 

technique would detect CO2 while this gas is not present at all. A 

possibility to avoid this could be to increase the threshold value 

compared with the signal of the particle centre. An example is given 

in Figure 6.10c, where a slight increase of the threshold value 

improves the particle removal but not enough to avoid inconsistent 

tracer gas measurements (Figure 6.11). In Figure 6.10d a filtering 

procedure was applied to remove the particle signal with a window 

size of 7x7 px
2
 around the centre of the particle. As can be observed, 

the noise signal due to the particle reflection and blurring motion of 
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particles (which cannot be avoided by using the IR camera) are well 

subtracted from the IR image. It should be of course stressed here 

that the windows size really depends on different factors such as the 

particle size, distance of the camera from the column and dimension 

of the column (or more in general by the pixels/particle ratio used in 

the experiment). Thus, this value is a parameter to be adjusted for 

different cases to avoid removing too much information from the IR 

pictures. For the particles used in this work, the filter (7x7 px
2
) is 

sufficient. In any case, if a high speed PIV camera is also used during 

the experiment a combination of the two techniques for particle 

removal would result in the best result without losing too much 

information of the CO2 concentration maps.   

 

Figure 6.11: Effect of the particle on the apparent concentration profile 

[mol.l-1] after applying the DIA algorithm: low threshold case (a), high 

threshold (b) and high-pass 7x7 px
2
 filter(c). 

6.4.5 Effect of particle reflection  

In the previous section it has been shown how to remove a single 

particle from the IR image. However, in a real fluidized bed, the 

presence of many particles results in the combined light scattering 

and self-reflection of the round particles in all the directions from 

the solids surface, creating a kind of “shadow effect” with lower IR 

signals projected to the areas surrounding the particles. In the 
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fluidized bed system, this effect is clearly seen in the bubble (dilute) 

phase. 

As shown in the Figure 6.12b, the IR signals in the gas phase of the 

fluidized beds are lower than the IR signal of the empty bed (Figure 

6.12a), causing an apparent (and erroneous) concentration profile. 

To correct for this, the bed is filled with solids and fluidized with pure 

N2 as fluidizing agent under the desired operating conditions without 

tracer gas to be able to evaluate the (erroneous) concentration 

profiles. Afterwards, number-averaging over 2000 images is carried 

out to obtain the averaged concentration profile within the whole 

bed. This profile is considered as a “background concentration” 

profile due to the presence of the particles only. This value is thus 

subtracted from the images of actual experiments with CO2 gas 

injection to obtain the real concentration profile. Again, it should be 

noted that, different operating conditions (particle size/type, gas 

velocity etc.) give different “background concentration” profiles, 

therefore it is recommended to evaluate the background images 

(without CO2 injection) at the same superficial gas velocities as in the 

experiments with tracer gas injection. 
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                                       (a)                                    (b)            

Figure 6.12: Influence of particle reflections on the IR radiation for an 

empty bed (a) and a freely bubbling fluidized bed (Ug = 2Umf) with pure N2 

as fluidizing agent (b). The blue hole in the middle of the bed is an optional 

injector location and should be ignored here. 

The concentration profile with the influence of particle reflection is 

shown in Figure 6.13, which again confirms the strong influence of 

the presence of the particles on the IR signals in the denser regions 

(Figure 6.13a). Without correction, the bottom part with denser 

phase (smaller bubbles) would wrongly result in higher CO2 

concentrations, which is also shown in the averaged concentration 

image (Figure 6.13c). The corrected concentration profiles (Figure 

6.13b) show that the reflection effect on the concentration is 

effectively subtracted for the time-averaged concentration profiles 

with the procedure described in section 6.4.4.  
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                       (a)                                                 (b) 

 

        (c)                                                   (d) 

Figure 6.13: Top row: Snapshot concentration profiles (in mol/l) of a freely 

bubbling bed: before (a), after correction (b) Bottom row: Averaged 

concentration in the whole bed: before (c) and after (d) correction. 
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6.5 Conclusions 

A novel optical technique, employing IR and VIS high speed cameras, 

has successfully been developed to measure gas phase CO2 

concentrations in gas and gas-solid flows. The new technique is non-

invasive and allows a whole-field virtually instantaneous 

measurement of the CO2 concentration profile with high temporal 

and spatial resolution. The technique has been calibrated in single 

phase systems and the calibration has been verified with different 

calibration mixtures, resulting in relative errors lower than 0.5%.  

The application of the IR/VIS/DIA technique has been subsequently 

extended gas-solids systems and in particularly to single bubble 

injection of fluidized beds to determine the CO2 concentration inside 

the bubbles. The self-reflection/scattering of the particles plays a 

significant role in gas-solids fluidized beds which affects the 

concentration profiles and have been corrected based on the 

background experiments. In the next chapter the developed IR/(VIS-

thresholding)/DIA technique will be applied for measuring the gas 

mixing and gas exchange characteristics of fluidized beds operated in 

different fluidization regimes.   

Notation  

A  [-]  Absorbance 

Umf   [m/s]   Superficial gas velocity  

Umf   [m/s]   Superficial gas velocity at minimum 

fluidization   

DL  [Digital level]   Remaining infrared camera signal 

intensity 

DL0 [Digital level]     Incident infrared camera signal 

intensity 
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Vb  [l]   Volume of bubble   

εmf   [-]  Bed voidage at incipient fluidization 

(0.42) 

ρp  [kg/m
3
]     Solids density 

T  [-]  Transmittance 
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7 
Application of a novel Infrared Imaging technique 

for mass transfer and gas mixing studies in freely 

bubbling and turbulent fluidization 

 

Abstract 

This chapter reports the application of the newly developed non-

invasive and high resolution IR imaging technique in combination 

with an advanced DIA algorithm for bubble-to-emulsion phase mass 

transfer and gas mixing studies in fluidized beds. The gas exchange 

rates have been measured for the case where a single CO2 tracer 

bubble was injected into a fluidized bed at incipient fluidization 

conditions. The experiments have shown that the concentration 

profile inside the bubble is strongly non-uniform and that in the first 

part of the exchange process convection processes dominate, while 

later in the process diffusion becomes important. The volumetric 

overall bubble-to-emulsion phase mass transfer coefficients 

determined in this work compare reasonably well with results from 
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the potential flow theory (Davidson et al. (1963)), with maximally 

20% deviation. 

The technique has been extended into freely bubbling and turbulent 

fluidization to investigate and quantify lateral gas mixing 

characteristics. The mechanism of lateral gas mixing in the bubbling 

regime is in good agreement with literature values by Hiraki et al. 

(1969). The experimental results by applying the analytical solution 

of the plug flow with dispersion model for a homogeneous flow show 

that the lateral gas mixing coefficient increases with the increase of 

superficial gas velocities from the bubbling to the turbulent flow 

regime and then decreases, which is consistent with earlier literature 

studies. The dependency of the lateral gas mixing coefficient on the 

Reynolds number using Amos’s correlation (Amos et al. (1993)) has 

shown large discrepancies  at low gas velocities (where the equation 

was extrapolated,  while a good match was  obtained at higher gas 

velocities. The experimental findings reported in this chapter indicate 

that the novel IR/DIA technique can successfully be applied for mass 

transfer and gas mixing measurements in gas-solids multiphase 

flows. 

7.1 Introduction 

In many applications of gas-solid fluidized beds, the quality of the 

gas-solid contacting and the extent of gas mixing are extremely 

important for the performance of the apparatus. In this chapter, the 

newly developed IR transmittance technique detailed in Chapter 6 is 

applied to study i) the mass transfer between the bubble and 

emulsion phase in bubbling fluidized beds and ii) the extent of gas-

mixing in fluidized beds in the bubbling and turbulent fluidization 

regimes. Overall bubble-to-emulsion mass transfer and gas 

dispersion models have been used to compute the gas exchange 
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coefficient from the bubble to the emulsion phase and lateral gas 

dispersion coefficients respectively and compare with literature 

findings.  

7.2 Experiment 

The experimental setup used in this chapter is described in detailed 

in Chapter 6. For the gas exchange rate from the bubble-to-emulsion 

phase in bubbling fluidized beds, a single bubble of pure CO2 was 

injected into the fluidized bed operated close to minimum 

fluidization conditions U = Umf (dp = 400-600 µm, ρp = 2500 kg.m
-3

, 

Umf = 0.21 m.s
-1

) through a jet (I.D. = 4 mm). A slightly bigger particle 

size (dp = 750 µm, ρp = 2500 kg.m
-3

, Umf = 0.46 m.s
-1

) has been used 

for the experiments to study the gas mixing characteristics in freely 

bubbling (U = 2Umf) and turbulent fluidization (Ug = 8Umf) in order to 

slightly decrease the number of particles in the depth of the bed 

because of the limitation of the IR optical accessibility. For these gas 

lateral mixing measurements, a continuous flow of CO2 was 

upwardly injected into the fluidized beds via a small jet (I.D = 2.0 

mm, jet location H = 20 mm from the bottom distributor) in which 

the tracer gas flow rate is kept at 2% of the total flow rate at the 

outlet of the bed, where the injection velocity mostly equals the 

superficial gas velocity. The operating conditions in freely bubbling 

and turbulent fluidization have been summarized in Table 7.1. 

The IR camera was positioned in front of the sapphire column and 

operated at H = 100 Hz for the case of single bubble injection 

(unsteady state) and H = 5 Hz for the cases of freely bubbling and 

turbulent fluidization to determine the time-averaged concentration 

plots. More information on the camera and the IR technique can be 

found in Chapter 6. 
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Table 7.1: Operating conditions used to study gas mixing in freely bubbling 

and turbulent fluidization. 

Flow 

regime Ug/Umf Ug [m/s] 

Injection 

velocity 

[m/s] 

Uinjection/Ug 

[-] 

 2.00 0.92 1.05 1.15 

Bubbling 3.00 1.38 1.58 1.15 

 5.00 2.30 2.64 1.15 

 6.00 2.76 3.16 1.15 

Turbulent 7.00 3.22 3.69 1.15 

 8.00 3.68 4.22 1.15 

7.3 Mass transfer between the bubble and 

emulsion phase in gas-solid fluidized beds 

In this section, the new analytical technique is applied to study the 

bubble-to-emulsion phase mass exchange coefficient in bubbling 

fluidized beds, where we use the case of a single bubble injected 

from the bottom distributor into a bed at incipient fluidization 

conditions. Furthermore, the influence of particle size and the 

bubble diameter (injected gas volume) on the mass exchange rate is 

evaluated and compared with the most often used semi-empirical 

correlations given by Eqns. (7.1) and (7.2): 
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Figure 7.1 shows snapshots of the tracer gas concentration profiles 

inside the bubble at different moments in time after injection of a 

CO2 bubble into the fluidized bed at minimum fluidization conditions 

with N2 as background fluidizing agent. At t = 0.01 s, a certain 

amount of the tracer gas is released into the fluidized bed with an 

injection velocity of 17 m.s
-1

, creating a single bubble with high CO2 

concentration.  Once released
 
from the Vs valve (opening in 0.01 s), 

the injected CO2 creates a single bubble with flat shape at the 

bottom, due to the effect of the gas distributor.  
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Figure 7.1: Snapshots of the tracer gas concentration profile inside the 

bubble at different times after bubble injection (snapshots are captured 

every 0.01 s with an injection velocity of 17 m.s
-1

). CO2 concentration is 

presented in mol.l
-1

. 

During the injection, N2 background fluidization gas enters the 

bubble and dilutes the CO2 inside the bubble. The bubble is 

subsequently growing and rising through the bed, while exchanging 

gas with the emulsion phase. The concentration field of the tracer 

gas inside the bubble shown in Figure 7.1 indicates that the mass 

transport of gas is dominated by convection of fluidization gas rather 

than diffusion, as expected for the used particle type and size. It is 
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also clear that the tracer gas concentration inside the bubble is not 

uniform and in particular, it is lower at the lower part and in the 

centre of the bubble. The results also clearly indicate that CO2 in the 

centre part of the bubble is quickly exchanged with gas from the 

emulsion phase via gas through flow, but a significant amount of CO2 

remained in the centre of the vortices at the left and right sides of 

the bubble. This finding is in good agreement with CFD simulations 

performed by Patil et al. (2003). This first result shows the great 

potential of the new technique and allows the measurement of the 

instantaneous concentration inside the entire bubble without 

interfering the flow with intrusive probes.  

The evolution of the volume averaged CO2 concentration inside the 

bubble and the equivalent bubble diameter as a function of time are 

shown in Figure 7.2a and b, respectively. As explained above, the 

averaged concentration inside the bubble decreases in time, due to 

the mass exchange with gas in the emulsion phase. At the same 

time, the bubble is rising and growing, reaching its maximum size of 

about 42 mm after about 0.07 s after injection due to particle raining 

from the roof of the bubble, finally resulting in bubble collapse. As 

can be seen, the slope of the concentration curve against time 

decreases strongly after 0.13 seconds, indicating that the mass 

exchange rates decreases after this time. The results indicate that 

the gas exchange is due to a combination of effects where first 

convection dominates and afterwards the diffusion from the vortices 

to the emulsion phase takes over.  

Figure 7.2a plots the spatial standard deviation in the volume 

averaged concentration as a function of time and shows that the 

very low standard deviation is obtained for the initial period, where 

CO2 is suddenly injected into the column, and the bubble detached 
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from the distributor (without appreciable gas exchange with the 

emulsion phase). Later, N2 from the emulsion phase dilutes the 

bubble, leading to an increased standard deviation, and gradually 

decreases when more N2 from the emulsion phase enters the 

bubble. The standard deviation decreases only very slowly after 

about  t = 0.11 s when the averaged CO2 concentration is about 50% 

of the initial concentration; from this time onwards the convection 

contribution to the gas exchange is very small and the diffusive 

contribution takes over.  About 60% of the CO2 inside the bubble was 

exchanged with the emulsion phase at the end of the process, during 

which the concentration profile inside the bubble is non-uniform, 

giving relatively high standard deviations. 
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                                                          (c) 

 

Figure 7.2: Volume averaged CO2 concentration inside the bubble (a), the 

equivalent bubble diameter as a function of time (b) and the linearity 

correlation for mass transfer coefficient (c). 
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7.3.1 Bubble-to-emulsion phase mass transfer coefficient 

The gas exchange between the bubble and emulsion phase is 

typically described with a convection term and superimposed 

diffusion term. The convection term describes the flow of the 

fluidization gas that enters from the emulsion phase into the bubble 

and leaves the bubble at the top while replacing the CO2 in the 

bubble. This term is dominant for the first part of the mass exchange 

process in our experiments. The molecular diffusion of CO2 from the 

bubble phase (especially from the vortices at the sides of the 

bubbles) to the dense phase also contributes to the mass transfer 

process as discussed by Kunni et al. (1969) and becomes important 

only at later stages in our experiments. 

From the experimental results, the overall volumetric gas exchange 

coefficient Kbe can be estimated by analysing the volume-averaged 

tracer gas concentration inside the bubble and solving the mass 

balance equation for the tracer gas. Assuming that a bubble with 

initial volume Vb,o and with concentration 
0,2COC  is generated at the 

nozzle into a fluidized bed at minimum fluidization conditions with 

N2 as the fluidizing agent, so that the CO2 concentration in the 

emulsion phase remains negligible, the overall mass balance for the 

tracer gas reads: 

( )
2

2 2,

,

,( )
CO b b

be CO b CO e b

d C V
K C C V

dt
= − −                        (7.3) 

With initial conditions: 

       
oCObCO CC ,, 22

=   at t = 0 

and 0,2
≈eCOC

 

Integration of Eqn. (7.3) yields
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Because a pseudo-2D bed is used in this work, Eqn. (7.4) can be re-

written as  
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= − ×  

 
                             (7.5) 

With Db(t) is the bubble diameter at time t and Db,o is the initial 

bubble diameter. 

From the experimental results, the averaged CO2 concentration in 

the bubble 
2 ,CO bC and the equivalent bubble diameter Db have been 

determined and fitted as a function of time. By subsequently plotting 
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as a function of time (Figure 7.2c), the overall 

mass transfer coefficient Kbe in Eq. 6.5 can be calculated from the 

slope of the curve which yields for Kbe value of 12.29 s
-1

. It should be 

pointed out that the linearity between 
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time is only plotted for the period from t = 0.03 to t = 0.12 s, since 

the gas exchange rate mainly occurs in this period. From t = 0 to 0.02 

s the gas exchange is not representative, as the bubble is being 

released and just detaches from the distributor. After t = 0.12 s  the 

concentration decreases very slowly and the bubble quickly erupts at 

the top of the bed; while heavy particle raining inside the bubble 

makes it difficult to accurately  determine the gas concentration 

profiles (and bubble size). 
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7.3.2 Effect of bubble diameter on the bubble-to-emulsion 

mass transfer rate 

Figure 7.3 shows snapshots of the CO2 concentration profiles inside 

the bubble after injection with different volumes of CO2 injected in 

the bed resulting in different initial bubble sizes. For a small injected 

bubble size of 31 mm (Figure 7.3, top row), the gas exchange takes 

place right after the bubble has been injected. Smaller bubbles have 

a much lower bubble rise velocity and thus the background N2 

introduced into the column at minimum fluidization velocity enters 

into and travels through the bubble more easily resulting in a faster 

dilution of the CO2 in the bubble. Moreover, a small bubble is less 

influenced by wall effects and thus maintains the spherical shape 

and bubble aspect ratio. As can be seen, a circular bubble is formed 

initially; however, the fluidization gas carries some particles into the 

lower section of the bubble (wake phase) transforming the circular 

shape into a kidney shape, in accordance to the investigation by 

Murrey et al. (1965) and Rowe et al. (1962).  
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Figure 7.3: Snapshots of the concentration profile inside the bubbles at 

different moments in time for different injected bubble sizes. The 

equivalent bubble diameter is 31 mm using an (injection velocity 9.75 m.s
-1

 

(top row)) and 47 mm (20.5 m.s
-1

) (bottom row). Concentration presented 

in mol.l
-1

. 

The injection of a bubble with a larger equivalent bubble size (slug 

like bubble) of initially  47 mm (Figure 7.3, bottom row), the bubble 

rises a with higher velocity and the ratio ub/umf increases; in this case 

a relatively lower amount of N2 enters and travels through the 

bubble resulting in a much slower mass exchange rate. As bubbles 

are bigger and the fluidized bed width is small, the wall effects 

increase, resulting in a strongly elongated bubble with a very high 

bubble aspect ratio. For both small and large bubbles, however, the 
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exchange of gas is dominated at the beginning of the experiment by 

the convection of N2 from the bottom of the bubble, while 

afterwards diffusion of gas from the vortices at the right and left 

sides of the bubble controls the mass exchange rate.  

 

Figure 7.4: Overall volumetric mass exchange coefficient Kbe as a function 

of the equivalent bubble diameter. 

The dependency of the overall gas exchange coefficient on the bubble 

diameter is plotted in Figure 7.4 in which a higher gas exchange rate is 

obtained for a smaller bubble. The experimental findings have been 

compared with the correlation developed by Davidson and Harrison 

and show a good agreement. The differences between the experiments 

and the correlation have been shown in Table 7.2 with a maximal 

difference of about 16%. This can mainly be attributed to wall effects 

(resulting in a slightly different bubble form) in the experiments on the 
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one hand and the assumptions from the theoretical model on the other 

hand, which was developed for a three dimensional fluidized bed, 

constant bubble volume, constant bubble rise velocity and uniform 

concentration inside the bubble. In particular, the last three 

assumptions are in contrast with the findings of this experimental 

investigation as detailed above.  

7.3.3 Effect of the particle diameter on the bubble-to-

emulsion mass transfer rate 

The effect of the particle size on the overall mass transfer rate when 

keeping the volume of the injected bubble (therefore the bubble 

size) constant as well as the bubble injection velocity (and duration) 

is reported in Figure 7.5.  It is evident that for the larger particle size 

(dp = 400-600 μm), the averaged tracer concentration inside the 

bubble decreases faster than for the smaller particles (dp = 250-420 

μm).  This can be explained based on the ratio between bubble rise 

velocity and the interstitial fluidization gas velocity which yields 1.71 

and 0.80 for the particle size of dp = 250-420 and dp = 400-600 μm, 

respectively. When this ratio is above unity, indicating a fast rising 

bubble, fluidization gas from the emulsion phase enters the bubble 

relatively slowly and takes a longer time to travel inside the bubble. 

On the other hand, if this ratio is below unity, i.e. for larger particles 

because of the higher Umf, a much larger amount of fluidization gas 

enters the bubble resulting in a much faster mass exchange rate, as 

obtained from Davidson’s theory (Davidson and Harrison 1963). 

From the experimental results, the overall volumetric bubble-to-

emulsion phase mass exchange coefficients of 17.43 s
-1

 and 12.70 s
-1

 

have been determined for the big and small particles, respectively. 

The concentration profiles inside the bubbles with different particle 

size at t = 0.03 s after injection with the particle size dp = 250-420 μm 
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and dp = 400-600 μm have been shown in Fig. 7.5 (bottom-left and 

centre, respectively). It can be observed that for the larger particle 

size more N2 enters the bubble than for the smaller particle size.  

Similar experiments have been carried out with the injection of a 

bubble at a higher position in the bed. In particular, Figure 

7.5(bottom-right) reports the results of an experiment where the 

bubble is injected at 10 mm above the gas distributor plate, for dp = 

400-600 μm particle size with the same amount of CO2 injected as in 

the previous case. It is interesting to observe that with a bubble 

injected at a higher position a vertical elliptic bubble is created. Due 

to a high bubble aspect ratio ratio (narrow bubble), less gas from the 

emulsion phase can enter the bubble from the bottom, and this gas 

requires a longer time to travel through the bubble, which results in 

a smaller gas exchange rate, see  Fig. 7.6 (top). 

 

 

 

  

 



                 7 Mass transfer in micro-Fluidized Beds using Infrared Imaging Technique 

 

187 

 

 

0.04

0.03

0.02

0.01

0
 

Figure 7.5: Effect of the particle size on the mass exchange rate from 

bubble to emulsion phase: The averaged CO2 concentration as a function of 

time (top) and concentration profile inside the bubble at the same time 

after injection (0.03 s) and with the same injection velocity (Uinject ≈ 9 m.s
-1

) 

dp = 250-420 µm (left) and dp = 400-600 µm (middle) and dp = 400-600 µm 

with elevated injection  (10 mm above the distributor plate) (right). The 

initial equivalent bubble diameter is about 31 mm, yielding Kbe = 11.20 and 

18.76 and 10.21 s
-1

, respectively. 

Table 7.2 compares the experimentally determined mass exchange 

coefficients for the different particle diameters and injected bubble 

volume with the predictions by different correlations. Following the 

Davidson and Harrison model (1963), given in Eqn. 7.1, it can be 
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clearly seen that for a larger bubble Kbe is lower. On the other hand, 

for small particles the minimum fluidization gas velocity is lower, 

resulting in a lower Kbe as well. The experimental findings correspond 

very well with the correlation by Davidson and Harrison (1963). 

The theoretical model (Chiba and Kobayashi, 1967) resulting Eqn. 

(7.2) assumes that the gas diffusion between cloud and the emulsion 

phase dominates the transport process. This is however invalid for a 

slowly rising bubble (e.g. equivalent bubble diameter smaller than 40 

mm in this work). Moreover, for fast rising bubbles, the gas exchange 

coefficient is under estimated (Table 7.2). 

Table 7.2: Comparison of the experimentally determined bubble-to-

emulsion phase overall volumetric mass transfer coefficients with 

correlations from literature. 

Particle 

size 

(µm) 

Bubble 

size (mm) Mass exchange coefficient Kbe [s
-1

] 

    

Chiba & 

Kobayashi 

(1970) 

Davidson 

& 

Harrison 

(1963) This study  

Difference 

[%] 

400-600
 

24 NA  23.86   27.73   16.18 

31 NA  18.35  18.76   2.04   

39.8 NA
 

14.24 12.96   9.05   

47.3 0.089 11.95  10.48    12.29   

250-420 30 0.066 10.55 11.20  5.80  
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7.4 Gas mixing in freely bubbling and turbulent 

fluidization 

In fluidized beds, gas-solids contacting is one of the most important 

aspects which determine the conversion and efficiency of the 

process. A lot of research on fluidized bed reactors has been focused 

on hydrodynamic studies; however, not many studies concentrate on 

the important gas mixing characteristics. In fluidized bed systems the 

rapid mixing of solids can result in virtually uniform temperature 

profiles, even in very large industrial scale fluidized bed reactors for 

very exothermic reactions but may also result in lateral (and axial) 

gas back-mixing. The deviation from the almost always ideal plug-

flow behaviour clearly influences the concentration profiles and 

significantly influences the conversion and especially the permeation 

rates of the components in fluidized bed membrane reactors.  

The first part of the work described in this chapter considered the 

mass transfer rate between the bubble and emulsion phase 

considering a single bubble rising inside a fluidized bed maintained 

close to minimum fluidization conditions. However, in freely 

bubbling operation, the presence of multiple bubbles and 

coalescence and break-up of bubbles complicates the description of 

the mass exchange used in actual fluidized bed reactors.  

It has often been assumed that the mass transfer rate of a single 

bubble can be used to represent freely bubbling beds with the same 

average bubble properties (bubble size, bubble shape and aspect 

ratio) (Kunni et al. (1969)) mainly related to the difficulty in 

measuring and evaluating the mass transfer rates in the presence of 

a bubble swarm (with a bubble size and aspect ratio distribution). 

Even though the infrared imaging technique using the high speed IR 

camera cannot be applied to the emulsion/cluster phase due to the 
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incomplete transparency of the particles (in the present setup), the 

concentration of the tracer obtained in the dilute phase may be used 

to evaluate the overall gas mixing behaviour. Additionally, this 

technique becomes easier to apply in turbulent or fast fluidization, 

where a much more diluted phase is present and the interference of 

the dense phase (cluster of particles) is less pronounced compared 

with the bubbling regime. Unfortunately, the gas back-mixing (due to 

the gas dragged by the solids down flow) occurs mainly in the dense 

phase and it is thus impossible to be detected in the current setup. In 

this work, only radial and axial gas-mixing is considered in the freely 

bubbling and turbulent fluidization regime. 
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      t = 0.2 (s)        t = 0.4 (s)       t = 0.6 (s)          t = 0.8 (s) 

Figure 7.6: Snapshots of IR images with CO2 injection from the centre bed 

(top row) and translated concentration profile (bottom row) at Ug = 2Umf 

(freely bubbling regime), dp = 750 µm, ρp = 2500 kg.m
-3

, frequency of the 

camera fIR = 5 Hz. 

Figure 7.6 illustrates the snapshots of the IR images (top row) and 

the corresponding CO2 concentration profiles (bottom row) with 2% 

of CO2 injected via a jet located in the centre of the bed (the injector 

is located at 20 mm from the bottom distributor). The gas transport 

from a bubble to another visually follows the mechanism proposed 

by (Hiraki et al. (1968)) according to which the tracer gas released 
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from the injector enters and moves from a bubble to another 

through five successive steps:  

i. The tracer gas moves from the bubble to the cloud-wake and 

from the cloud-wake to the emulsion.  

ii. The tracer gas is mixed in the emulsion phase  

iii. The tracer gas moves across the emulsion phase.  

iv. The tracer gas travels from emulsion to cloud-wake  

v. The tracer gas from cloud-wake enters another bubble.  

Figure 7.6 also shows the tracer gas pattern inside the bubble, which 

behaves like a jet flow meandering inside the bubble, while the 

bubble-to-bubble motion of the gas contributes to the axial and 

lateral gas dispersion in the bubbling regime. Unfortunately, the 

results from this experiment are qualitative as crucial information for 

the quantification of the gas mixing viz. the gas flow and 

concentration profiles in the emulsion phase are impossible to 

measure with the actual setup using the IR camera, making an exact 

quantification of the observed phenomena difficult.  

On the other hand, when operating the bed in the turbulent 

fluidization regime, bubbles are no longer present and more dilute 

zones are obtained where the IR technique can be readily applied for 

a better understanding of the gas mixing. 

Indeed, as shown in Figure 7.7, operation in the turbulent or dilute 

fluidization regime allows a clear visual observation of the whole 

flow filed concentration profile by using the IR technique. By using 

the IR camera measurements in the turbulent fluidization regime the 

lateral dispersion coefficient can be evaluated, as shown in the next 

section. 
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     t = 0.2 (s)          t = 0.4 (s)             t = 0.6 (s)              t = 0.8 (s) 

Figure 7.7: Snapshot at different time of the IR images with CO2 injection 

from the centre bed (top row) and translated concentration (bottom row) 

at Ug = 5Umf (turbulent regime). It is noted that the small hole in the centre 

bed is an optional injector location. 

7.4.1 Lateral gas dispersion  

The quality of the lateral gas mixing is usually quantified in terms of a 

dispersion coefficient, typically obtained from tracer gas 

measurements using the plug flow model with superimposed 

dispersion in both axial and lateral direction. A mass balance of the 
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tracer gas under steady state (i.e. time-averaged) conditions leads to 

Eqn. (7.5) 
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where z denotes the distance between the injection plane and the 

measuring plane (positive in the upward direction); x refers to the 

lateral direction from the centre of the beds. Dz and Dx indicate the 

axial and lateral gas dispersion coefficients, respectively.   

When solving the Eqn. (7.5) it is often assumed that the influence of 

axial dispersion on the gas concentration is negligible in comparison 

to the convective transport in the axial direction, as proposed by 

Werther et al. (1992), Amos et al. (1993), Gayán et al. (1997), Koksal 

et al. (2004) and Du et al. (2002). Eqn. (7.5) is therefore reduced to 

Eqn. 7.6. Note that the velocity Ug is the superficial gas velocity 

instead of the interstitial gas velocity (Koksal et al. (2004), Gayán et 

al. (1994) and Du et al. (2002). 
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where the boundary conditions are: 

( , ) 0
C

x X z
x

∂
= =

∂
: Impermeable walls at x = X (half bed width) 

0(0,0)C C= : Injection only at x = 0    (7.7) 

( ,0) 0C x =          

Pure CO2 is injected via an injector and quickly diluted as soon as it is 

released from the nozzle. By using the IR camera, the exact 

concentration at the injector is measurable and indicated as Co. The 
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solution of Eqn. (7.6) with the boundary conditions for a single 

source point (injection) has been derived by Gayán et al. (1997) and 

Nield et al. (2006) in case of large z/x (as in our case) and reads as in 

Eqn. 7.8. In this study, a z/x ratio higher than 5 is selected, while x 

varies between zero and 0.5 X. 










 −
−=

x

g

x D

zsU

sD

q

C

C

2

)(
exp

40 π
   (7.8) 

where z and s are the axial and actual distance from the injection 

position, see Figure 7.8, and q is the injection flow rate [m
3
.s

-1
]. 

According to Werther et al. (1992), the analytical solution is fairly 

correct for x values up to 0.85 X (thus in the case discussed here the 

analytical solution can be safely used to interpret the experimental 

results).  
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Figure 7.8: Definition of z and s parameters (after Gayán et al. (1997)). 

Figure 7.9 plots the averaged concentration profiles in single phase 

experiments (a) and in the fluidized bed (b). It is clear that for both 

cases the tracer gas concentration in the centre is very high near the 

injector and is flattened at higher axial positions further away  from 

the injection point (note that the IR images are captured at H = 30 

mm from the injector). The main difference that can be observed 

between the two cases is that for the single phase only a small 

amount of gas is laterally dispersed, while the presence of the solids 

sensibly increase the lateral dispersion at all axial positions in the 

bed. This was also qualitatively evident from Figure 7.6 and Figure 

7.7 where it was shown that the fast movement of the solids 

increase the “meandering” of the tracer gas flow, resulting in a more 

dispersed flow. This is also evident when comparing the tracer gas 
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concentration profiles for both single phase and fluidized bed cases 

at U = 6Umf as shown in Figure 7.10. Eventually the concentration 

profile will completely flatten, but this occurs at a much higher axial 

position (higher than the actual sapphire window in our setup) and is 

thus not observed in Figure 7.9. 
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(a) 

 

(b) 

Figure 7.9: Number-averaged concentration profiles at U= 7Umf   with 2% of 

CO2 injected at the lateral bed centre for gas phase (a) and the fluidized 

bed (b). The discontinuous concentration in the centre of the bed is due to 

the presence of an additional injection hole which was closed in these 

experiments. 

       



                 7 Mass transfer in micro-Fluidized Beds using Infrared Imaging Technique 

 

199 

 

 

 

 

 

 

        

(a)                                              (b) 

Figure 7.10: Snapshots of concentration profiles of tracer gas in single gas 

phase (a) and in fluidized bed. Experiments were carried out at U = 6Umf, 

CO2 flow rate is 2% of the total flow rate at the outlet. Concentration 

presented in mol.l
-1

. 
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Figure 7.11: Plot of 







×

0

ln
C

C
s  against (s-z) to determine Dx for the test 

case with U = 7Umf at the axial position Z = 137 mm. 

By applying Eqn. (7.8) to the experimentally determined 

concentration profiles depicted in Figure 7.9, the dispersion 

coefficients for both the single phase case and the fluidized bed case 

can be calculated (see Figure 7.11) and compared with literature 

results. The slopes (
xD

U

2
− ) of the curves in Figure 7.11 correspond 

to lateral dispersion coefficients equal to 8.63 cm
2
.s

-1
 and 2.71 cm

2
.s

-

1
 for the cases of fluidized bed (U = 7 Umf) and single phase, 

respectively. These values are clearly much higher than the 

molecular gas diffusion coefficient (DCO2 = 0.2 cm
-2

.s
-1

), mainly due to 

the enhancement in gas dispersion induced by the turbulent gas 

flow. It is also clear that, as expected, the presence of solids 
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(fluidized bed case) further increases the lateral dispersion, typically 

with a factor 2-3.  

Figure 7.12 shows the variation of the dispersion coefficients at 

different axial positions in the bed for both the single phase and 

fluidized bed cases. While the fluidized bed has a higher dispersion 

coefficient at each position in the bed, it is also evident that the 

dispersion coefficients do not change much as a function of the axial 

position in the bed. A more pronounced influence of the superficial 

gas velocity on the lateral dispersion coefficients was found as 

shown in Figure 7.13.   

 

Figure 7.12: Influence of the distance z between the injection point and 

measuring height on the dispersion coefficient (U = 7Umf). 
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Figure 7.13: Influence of the superficial gas velocity on the lateral 

dispersion coefficient for single gas phase and fluidized bed. 

In particular the lateral dispersion coefficient for the fluidized bed 

case increases in the bubbling regime and reaches a maximum in the 

turbulent regime, and then decreases when the gas velocity 

continues to increase, in accordance with the findings reported by 

Du et al. (2002). The sharp increase of Dx with the superficial gas 

velocity in the bubbling fluidization regime is most likely related to 

the increase in bubble formation at higher superficial velocities, 

which results in more and larger bubbles which have a higher rise 

velocity and resulting in strongly increased bubble coalescence and 

break-up which increase the lateral gas-mixing. This increase in 

dispersion coefficient continues to develop in the turbulent 

fluidization regime. However, at very high superficial gas velocities, 

the bed becomes much more diluted with the solid segregated at the 

walls and may eventually approach the single phase behaviour which 

explains the decrease in the gas dispersion coefficient for the 
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turbulent fluidized bed. The results in Figure 7.13 for the fluidized 

bed at different superficial gas velocities show a very similar trend as 

previously reported by Bearns et al. (1963), Atimtay et al. (1978) and 

Du et al. (2002). Interestingly, Gayán et al. (1994) carried out an 

experiment in a fast fluidized bed with very similar bed material (dp = 

710 µm, ρp = 2600 kg.m
-3

, U/Umf > 12), showing Dx = 3-6 cm
2
.s

-1
 which 

are very close to the values found in this study.  Unfortunately, it was 

not possible to perform experiments in the current experimental 

setup with U/Umf above 8 to completely match the early results by 

Gayán et al. (1994). 

7.4.2 Comparison of the lateral dispersion coefficient with 

literature correlation 

The lateral dispersion coefficient is compared with the findings from 

Amos et al. (1991) fitted with the experimental correlation given by  

0.2973.23RePe =      (7.9) 

where 
g

ghg
dU

µ

ρ
=Re  and  

x

hg

D

dU
Pe

2
=    (7.10) 

and 
widthdepth

widthdepth
dh

+

××
=

2
is the hydraulic diameter of a small 

channel (a thin fluidized bed column in this study).   

The relationship between the Peclect number and the Reynolds 

number for the experiments described in this study, compared with 

the literature is shown in Figure 7.14. The main difference between 

our experimental results and the literature results is the Reynolds 

number at which the bed is operated. As discussed in previous 

chapters, one advantage of smaller fluidized bed compartments 

compared with bigger beds is the possibility to work at turbulent 

fluidization conditions with much lower gas velocities. Thus, the 
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Reynolds number in our experiments was lower than 2000. On the 

other hand, the experiments in the bigger fluidized beds were 

conducted at Re > 2000. In order to compare our results, we 

extrapolated the experimental Peclect correlation to the lower 

Reynold number used in this work.  

 

 

 

Figure 7.14: Comparison of the lateral dispersion coefficient with 

correlation from literature. 
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The lateral dispersion coefficients experimentally determined in this 

work (from 4 to 10 cm
2
.s

-1
) are in a good agreement with the findings 

from literature, as shown in Table 7.3, which confirm that the newly 

developed IR technique, coupled with DIA is a reliable technique also 

to inspect fluidized beds operated in the turbulent regime. In Table 

7.3 it can be noted that only one work (Du et al. (2002)) reported 

much larger lateral dispersion coefficients compared to our 

experimental finding. This can be explained by considering the 

different type of particles (Geldart A) used by Du et al. compared 

with our particle type (Geldart B). In fact, Geldart A type particles 

show in general higher dispersion coefficients compared with 

Geldart B type particles. In addition, the experiments of Du et al. 

(2002) were carried out under higher pressures and temperatures 

which may strongly affect the flow behaviour of the bed. As reported 

in Chapter 4, the application of a very small particle size in fluidized 

bed membrane reactors is not preferred as the solids circulation 

pattern as well as the extent of the densified zones close to the 

membrane walls (with induced bed-to-wall mass transfer limitations) 

will dramatically increase.  

Table 7.3: Comparison of the experimentally determined lateral gas 

dispersion coefficients with literature. 

Authors dp [µm] ρp [kg.m
-3

] Dx [cm
2
.s

-1
] 

Werther et al. (1992) 130 2600 2- 7 

Amos et al. (1991) 71 2540 6-20 

Gyán et  al. (1997) 710 2600 3- 6 

Namkung et al. (2000) 125 3055 8-10 

Du et al. (2002) 60 1400 10-60 

This study 750 2500 4-10 
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7.5 Discussion and conclusions 

The gas exchange rates between the bubble and emulsion phase and 

the gas mixing behaviour have been quantified non-invasively with 

high spatial and temporal resolution using the newly developed IR 

experimental technique coupled with DIA. First, the bubble-to-

emulsion phase mass transfer was investigated. It has been shown 

that the concentration profile of a single bubble is strongly non-

uniform and the mass transfer is dominated by the convection of the 

potential flow in the first part and by diffusion in the last part of the 

exchange process. In accordance with the theory developed by 

Davidson et al. (1963), vortices always exist at the left and right sides 

which limit the gas exchange flows (as experimentally 

demonstrated). The determined volumetric mass transfer coefficient 

as a function of the bubble size and particle size compare reasonable 

well with the correlation by Davidson et al. (1963), but with a 

maximum deviation of approximately 20%. 
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Figure 7.15: Combined IR/PIV/DIA technique for hydrodynamic and mass 

transfer measurements. 

Secondly, the lateral gas mixing was investigated. The lateral gas 

dispersion behaviour in fluidized beds was quantified across a wide 

range of fluidization gas velocities by utilizing the developed IR 

imaging technique.  It has been shown that the lateral gas dispersion 

coefficients at first increase as the superficial gas velocity increase 

and afterwards decrease, showing the same trend as the findings by 

Bearns et al. (1963) and Atimtay et al. (1978). However, due to the 

lower gas velocities required in smaller fluidized bed compartments 

to achieve turbulent fluidization regime, the dispersion coefficient 

are slightly under-estimated when extrapolating the correlation from 

Amos et al. (1991) at these low velocities (Re<2000).  

The mechanism of gas dispersion in the lateral direction observed 

with the IR technique is consistent with the mechanism proposed by 

Hiraki et al. (1968). As expected, the turbulent fluidization flow 



7 Mass transfer in micro-Fluidized Beds using Infrared Imaging Technique 

 

208 

 

regime shows more influence of convection and micro-turbulent 

eddies due to high superficial gas velocity, resulting in a large extent 

of lateral gas mixing. 

The measured dispersion coefficients with the newly developed 

IR/DIA technique have been compared with literature and a good 

agreement with several studies was shown that used the 

conventional invasive technique (injection-tracing samples), 

demonstrating interesting possibilities to apply the novel developed 

technique for mass transfer and gas mixing studies in gas-solids 

multiphase flows. What makes the new technique even more 

interesting is the possibility to couple it with PIV/DIA techniques that 

allow measuring simultaneously and non-invasively mass transfer, 

gas mixing and hydrodynamics (solids holdup, solids circulation 

patterns, and bubble properties) simultaneously achieving a 

complete integrated experimental method?  An artistic impression of 

such an integrated experimental technique is illustrated in Figure 

7.15. 

This new technique also opens the possibility to measure the gas 

mixing behaviour in membrane reactors with gas addition/extraction 

through membranes. Unfortunately, this could not be included in 

this thesis because of lack of availability of high flux CO2 selective 

membranes (being CO2 our tracer gas) which were not yet available 

on the market. However, based on these results a new fluidized bed 

column is being designed where state-of-the-art polymeric CO2 

selective membranes will be integrated, which will allow in a future 

work to extend this study to micro-structured fluidized bed 

membrane reactors. 
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7.6 Important aspects for future development 

 The innovative Infrared Imaging technique has been developed in 

this study and successfully applied for the dilute phase as reported in 

Chapters 6 and 7. This new technique shows great potential as a 

non-invasive technique to investigate the performance of chemical 

reactors. It is thus recommended to further extend and exploit this 

technique. For this, different suggestions can be made, the most 

important being: i) try to use different bed and particle material so 

that also the particles are transparent for IR. In this way it may be 

possible to use the technique also in denser phases and most 

importantly be able to measure both the concentration in the gas 

phase and in the emulsion phase (provided that scattering and self-

reflection effects are not detrimental); ii) in this work we focused on 

the CO2 as tracer gas, however, different gas components important 

for hydrogen production also absorb IR in a similar wavelength 

range. It is thus suggested to extend the technique to other gases 

(probably by simply using different IR filters) and eventually apply 

the technique under reactive conditions so that even the reaction 

(and the extent of conversion and hydrogen production) can be 

followed non-invasively in the reactor. Of course the extension of the 

IR technique to higher temperatures, although more involved, would 

be a real breakthrough in the development of non-invasive 

techniques. 

Notation 

eCObCO CC ,, 22
,

 
[mol.l

-1
]   Concentration of CO2 in bubble and 

emulsion phase respectively  

C0  [mol/l
-1

] Concentration at the injection point  

db  [m]   Bubble diameter  
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dc  [m]  Cloud diameter 

dh  [m]  Hydraulic diameter 

2COD   [m
2
/s]   Diffusion coefficient of CO2 (2x10

-5
) 

Db,i, Db(t) [m]               Diameter of bubble at t=0 and at time t  

Dx   [m
2
.s

-1
]  Lateral dispersion coefficient  

Dz   [m
2
.s

-1
]  Axial dispersion coefficient  

dx  [mm]  Bubble width 

dx  [mm]  Bubble length 

g   [m/s
2
]  Gravity acceleration  

Kbe   [s
-1

]   Gas-emulsion phase exchange 

coefficient  

Pe    [-]  Dimensionless Peclect number 

q  [m
3
.s

-1
]  Injection flow rate 

Re  [-]  Dimensionless Reynolds number 

t   [s]  Time after inject bubble  

Umf   [m/s]   Superficial gas velocity at minimum 

fluidization  

Uf   [m/s]  Interstitial gas velocity  

Ub   [m/s]   Bubble raise velocity  

Vb  [l]   Volume of bubble  

Vb,i   [m
3
]  Volume of bubble at t=0 

Vb(t)   [m
3
]  Volume of bubble at time t  

α   [-]  Raising bubble velocity/interstitial gas 

velocity  

εmf   [-]  Bed voidage at incipient fluidization 

(0.42) 
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ρp  [kg/m
3
]     Solids density 

x   [m]   Lateral position 

X  [m]  Bed width (half size) 

S   [m]  Distance from injection point to the 

measured point. 
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Appendix A1 (Supporting for Chapter 3) 

More information on the applied Particle image velocimetry (PIV) 

and digital image analysis (DIA) techniques 

PIV is an optical non-intrusive technique to determine the 

instantaneous 2D particle velocity in a 3D flow field. It was 

developed for liquid and later for gas-liquid systems and further 

extended to granular systems. The velocity field is obtained by 

dividing every image into interrogation areas and applying a spatial 

cross-correlation on two consecutive images to determine the most 

likely displacement of the particles in the interrogation area. A multi-

pass correlation algorithm with an interrogation size of 32x32 and 

50% overlap has been used to obtain the corresponding vector field. 

Spurious vectors are subsequently removed by a post-processing 

procedure. 

In this work, an advanced DIA algorithm is used to discriminate 

between the solids and gas phases. The PIV images present different 

pixel intensities where the lowest intensity is referring to gas phase 

while the highest intensities indicate the presence of solids. The DIA 

algorithm starts by importing the recorded images from the high 

speed camera. Due to the inhomogeneous illumination, overexposed 

particles as well as the background disturbances need to be 

removed. The images are subsequently locally normalized with filter 

9x9 pixels on an intensity scale from 0 to 1 where a value of 1 

represents the brightest particles and 0 represents the gas phase. 

The averaged intensity over analogous interrogation areas is related 

to the 2D particle volume fraction.  

In order to determine a 3D-particle volume fraction, a correlation 

was developed from artificial images generated from Discrete 
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Element Model (DEM) simulations with the same gas and solids 

properties as well as geometry of the experimental bed. The 

apparent 2D, the relationship between 2D and 3D as well as the 3D 

particle volume fractions were calculated and shown in Figure A1.1 

and Figure A1.2. The time-averaged particle flux is determined by 

combining the instantaneous PIV and DIA results and subsequent 

time-averaging using (eqn. A1) and the results are shown in Figure 

A1.3 

∑=>Φ<
tN

t
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)(, ε    (A1) 

 

Figure A1.1: The relationship between 2D solids fraction and 3D solids 

volume fraction.  
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Figure A1.2: Procedures for DIA technique: a) Synthetic images, b) 2D solids 

fraction, c) calculated 3D solids volume fraction and d) 3D solids volume 

fraction from DEM simulation. 

 

                                  (a)                                      (b) 

Figure A1.3: Macro-solids circulation pattern with single PIV (a) and with 

combination of PIV and an advanced DIA technique (b).  
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Additional experimental results on the hydrodynamics of micro-

structured membrane-assisted micro-fluidized beds 

The hydrodynamics with constant gas flow rate at the outlet (Ug, outlet 

= 0.75 m.s
-1

) of the bed are shown in Figure A1.4. The inversed solids 

circulation pattern for the case of gas addition (60%+40%) can clearly 

be seen, this can be explained by the competition between 

permeation gas velocity/background fluidization gas velocity. This 

effect is less pronounced if the gas extraction ratio is reduced (see 

the case 80%+20%) where two distinct solids  circulation patterns are 

visible: a solids flux inversion within the membrane region (80 mm 

from the bottom distributor) and the conventional solids circulation 

pattern at higher axial positions. 

The experiments with gas extraction result in the formation of 

densified zones close to the membrane walls with decreased solids 

mobility (thus higher solids hold-up). This effect is not desired as it 

will increase heat and mass transfer resistances, especially the mass 

transfer from the bed to the membrane walls, thus decreasing the 

efficiency of the membrane separation and hence the reactor 

performance. A similar effect has been observed for the turbulent 

fluidization regime, as shown in Figure A1.5. Importantly, for the 

turbulent fluidization regime a higher bed expansion (more dilute) is 

observed with lower densified zones in the whole bed and in the 

membrane region, despite of a much higher permeation gas velocity 

used. 
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Figure A1.4: Time-averaged solids volume fraction distribution (A) with a 

constant outflow for different gas permeation ratios. Time-averaged solids 

flux circulation pattern (B) and lateral profiles of the axial solids flux for 

different height in the fluidized bed (C). Superficial gas velocity at the 

outlet is 0.75 m.s
-1

, dp = 400-600 µm. 
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Figure A1.5: Time-averaged solids hold-up distribution (A), solids circulation 

pattern (B) and lateral profiles of the axial solids flux for different height in 

the fluidized bed (C) with a constant outflow. Superficial gas velocity at the 

outlet of the fluidized bed is 2.0 m.s
-1

, dp = 400-600 µm. 
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Appendix A2 (Supporting for Chapter 5) 

In this section we report additional experimental results carried out 

to confirm the observations described in Chapter 5. Figure A2.1 

reports the experimental series with constant inlet flow rate; the 

results again indicate that the gas permeation via the membrane has 

a strong effect on the solids circulation patterns: (i) densified zones 

near the membrane walls with gas by-passing in the centre of the 

bed for the case of gas extraction and (ii) inversed solids circulation 

patterns and gas by passing near the membrane walls (gas addition). 

This effect significantly influences the concentration profiles.  

Indeed,  Figure A2.2 and Figure A2.3 present the influence of gas 

permeation on the lateral  concentration profiles for the case of 

constant gas flow rate via the bottom distributor (Ug, inlet = 0.75 m.s
-

1
). It is evident that the extraction of gas slightly decreases the 

concentration at all lateral positions (Figure A2.2)  compared to the 

reference case (no gas permeation); while the gas addition inversed 

the solids circulation patterns which results in different lateral tracer 

gas concentration profiles (Figure A2.3): higher concentration in the 

centre. 
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Figure A2.1: Solids circulation patterns and solids volume fraction 

distribution for the cases of constant inflow fluidization gas velocity, with 

gas permeation through the membranes from the left and right walls. The 

scale of the solids volume fraction is presented from 0 (only gas phase) to 

0.6 (static packing solids). Inlet superficial gas velocity is 0.75 m.s
-1

, dp = 

400-600 µm. 
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                             (a) 

 

                          (b) 

Figure A2.2: Influence of gas extraction ratio on the extent of gas back-

mixing with extractive gas; constant inflow (a) and constant outflow (b) of 

gas. 
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                          (a) 

 

           (b) 

Figure A2.3: Influence of gas addition ratio on the extent of gas back-mixing 

with gas addition; constant inflow (a) and constant outflow (b) of gas 

respectively. 

The influence of bed height and membrane height (thus membrane 

area) on the lateral concentration profiles has been shown in Figure 

A2.4 and Figure A2.5. It should be noted that the measurements were 

carried out at 40 mm above the bottom distributor. In fact the 

membrane height and the bed height only slightly affects the 

concentration profiles, but not very pronounced. Compared to the 
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standard case (shown in Chapter 5), the higher membrane area and 

solids bed height will not increase the extent of gas back-mixing. This 

is an important advantage as we can increase the permeation flow 

(increased membrane area) but not increase the extent of gas back-

mixing (thus without deteriorating the membrane performance). 

 

(a) 

 

(b) 

Figure A2.4: Influence of the static bed height (aspect ratio - AR = bed 

height/bed width) on the lateral concentration profiles, the experiment 

series with constant outflow (a) and constant inflow (b).  
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Figure A2.5: Influence of membrane areas on the lateral concentration 

profiles. 
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