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Summary 

 

Ex-ante process design intensification and cost benefits enabled by smart supported 

chemical and enzymatic catalysis 

 

Selective catalysts, green solvents, miniaturized reactors and continuous flow processing 
are considered prime enabling technologies for overcoming drawbacks in conventional 
production and achieving chemical process intensification. Process intensification at the 

catalyst - reaction - process level leading to economical and environmental benefits is the 
aim of this project – transferring the catalyst innovation into a process chemistry and design 
innovation. When a novel technology is targeted, an ex-ante cost analysis has an important 
role in making decisions on processing. The capital cost of a process is defined once the 

process flow diagram and the process scale are known. Further detailed evaluation of 
process options and parameter sensitivity for different scenarios leads to an estimation of 
the operating costs. 

Several reactions have been studied with the objective to define the main cost factors and 
the window of economical use of a certain catalyst-reactor pair. A noble metal based 
chemical catalyst, polymer supported smart structures and enzyme based catalytic systems 
have been explored, combined with either a fixed bed microreactor, a falling film 

microreactor or a conventional batch-wise operated stirred tank as their housing. 
A methodology for ex-ante evaluation of various operation options included several stages:  

• analysis of the reference process,  

• identifying bottlenecks and examining their influence on various process levels,  

• identifying and ranking the options with respect to process intensification principles,  

• experimental validation or real-life tests of applicability of innovations (if available),  

• cost analysis and recommendations.  

The oxidation of glucose into gluconic acid has been studied as a model reaction to 
examine the potential of micro/milli reactor based process, and flow chemistry in general, 

concerning gas-liquid-solid reactions with polymeric or inorganic supports. This model 
reaction is not initially intended to be applied in microreactors. Instead, this example shows 
the methodology to be used when comparison of conventional operation and flow 

chemistry needs to be made.  

Noble metal- and enzyme-catalyzed micro/milli reactor based processes have been 
considered and the cost of the preparations of these catalysts has been analyzed. Noble 

metal catalysts prepared by the project partners have been analyzed for their cost 
contribution in the oxidation and hydrogenation reactions to produce gluconic acid, sorbitol 



ii 
 

 

and 1,2-dimethyl-vinyl-carbinol. Further, enzyme catalysts have been immobilized on a 

novel CVD-prepared silica nanowires, 60 -100 µm thick, arranged into a mat format which 
flexibly can be cut and assembled to any other format favorable for insertion into a reactor. 
The immobilized enzymes were tested for the synthesis of products of various availability 

and added-value. Due to the very high surface area of the support, up to 1.8 genz/gsupport was 
immobilized. This is an order of magnitude higher enzyme loading than with other 
commercial supports. Due to the high enzyme concentrations per unit volume of the 
reaction mixture and almost 100 % porosity, a much higher reaction rate per unit volume of 

the reactor can be achieved in a flow reactor than in a batch system. 

Nevertheless, it has been observed that when in-house prepared chemical and enzymatic 
catalysts are used for the synthesis of low added-value products, this does not result in an 

economically viable process. However, if the target products are high added-value 
chemicals, the high price of the catalyst is overcome by the high product cost margins when 
recycling the catalyst system only for a reasonable number of times, which should not be 

higher than 100. Novel enzyme supports, which are often more expensive than other 
commercial materials, have potential in new reactions and reactor developments. The 
studied catalysts are suitable for use in microchannels or other forms of micro-structured 
reactors. A commercial enzyme, immobilized lipase - Novozym 435, has been tested for 

that purpose with a model transesterification reaction in a fixed bed microreactor. The 
enzyme activity showed to be unchanged during the long term continuous operation, 
indicating the intensification of the batch-wise performed reaction where activity has shown 

to decrease after each batch of experiments. It has to be noted that prices of the innovative 
catalysts were taken as resulting from hand-made laboratory provision and are naturally 
high since there is no commercial larger scale production so far. Any major cost 
improvement will expand the window of usage to lower-cost products. 

At last, previously addressed innovations have been linked with industrial needs. 
Possibilities to optimize and/or intensify industrial synthesis of an active pharmaceutical 
ingredient have been identified. The selective reduction of a Z-nitro compound in the 
presence of double bond into a Z-amino compound, which is a key pharmaceutical 
intermediate, is shown to be more efficient in a small scale continuous reactor with a 
packed bed of catalysts. A total cost reduction of about 25 % was estimated due to the 

reductions in residence time, capital as well as operational costs. 

Holistic analyses such as the one presented in this thesis are of great importance to validate 
decision taking in process industry, driven naturally by cost factors but also by increasing 

the demand for green chemistry and engineering concepts.  

 

 



 
 

 
 

Chapter 1 

Introduction on ex-ante process and cost analysis 

 

This chapter is based on: 

I. Dencic, J. Meuldijk, M.H.J.M. de Croon, V. Hessel, C.W.J. van der Doelen, K. Koch, 

Recent Changes in Patenting Behavior in Microprocess Technology and its Possible Use 

for Gas–Liquid Reactions and the Oxidation of Glucose, ChemSusChem, 2012, 5, 232-245 

 

I. Dencic, T. �oel, J. Meuldijk, M.H.J.M. de Croon, V. Hessel, Micro reaction technology 

for valorization of biomolecules using enzymes and metal catalysts, Eng. Life Sci. 2013, 13, 

326–343. 

 

 

 

 

 

1.1. Chemical process design and ex-ante process analysis  

Two concepts enabling radical changes in chemical process design and operation are 
extensively being explored: Process Intensification (PI)1–4 and Novel Process Windows 
(NPW).5–8 The concept of process intensification can be divided into three fields: 

Transport-, chemical reaction- and process design intensification.6 In the first field, the use 
of microreactors, which represents transport intensification, is the most commonly 
explored. Further intensification is introduced by Novel Process Windows, which 
represents chemical reaction intensification as the second intensification field enabled by 

using high temperatures, pressures, and/or concentrations to remove the limitations 
artificially added to chemistry.9 A notable improvement in selectivity, yield, safety as well 
as in production costs and in environmental burden is expected for a successful project. 

Therefore, the process developments and associated process costs have to be monitored 
from the beginning of the project, thereby forming an “ex-ante” analysis. 
Ex-ante evaluation is an early-bird evaluation based on environmental10–13 and economic14–

16 evaluations of the chemical and engineering approach already at the very beginning of 

process development. It helps to introduce the information in a more automated, validated, 
traceable and reliable manner. Moreover, it deals with time-, cost- and competitiveness- 



2                                                                                             Chapter 1.              
 

 
 

related relevant issues. Results from the early research stage of a reaction/process with 
demonstrated good theoretical potential can shrink the further steps between development 
and application, thereby focusing on realizing as much practical potential as possible.14 At 

the initial stages of process development the knowledge about the system is still limited and 
there are a lot of uncertainties, while the degree of freedom in variation and selection of 
suitable process parameters is the highest (see Figure 1.1). Once decisions on operation are 
made, process parameters will be fixed and costing structures become determined. Thus, in 

order to ensure an early-bird view on the financial feasibility of the approved process 
concepts, as well as to show the development paths needed to reach the goals, it is preferred 
to make cost analyses at the early stages of process development. Holistic analyses such as 

the one presented in this research project are of great importance to validate decision 
making in process industry, driven naturally by cost factors, but also by increasing the 
demand for green chemistry and engineering concepts.  

 

Figure 1.1. Knowledge availability and freedom of choice during different stages of process design, 
adapted from Huebschmann et al., copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, 

Weinheim11 

In this thesis an interaction between various process levels will be shown (according to the 
well known “onion model”, Figure 1.2). The most technically, economically, and 
environmentally viable options will be proposed by detailed analysis of the catalyst, the 

reaction systems, the solvent, the reactor and/or downstream operations. In order to judge 
the economic viability of a process, the most sensitive cost factors need to be established in 
each level. If no technical data about a proposed process concept exist in this early stage of 

process development, sensitivity analyses of various reaction and process scenarios must be 
performed. The work-flow leading to environmental and economic process evaluation is 
schematically presented in Figure 1.3.5 

Degree of freedom

Knowledge

Application of decision support and optimization tools

Economic assessment

R&D Process design Production
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The first step in the analysis contains an extensive literature search in order to identify the 

limiting or critical aspects of the 
exploration of the theoretical potential in processing, also enabled by novel process routes 
(‘Novel Process Windows’) a quantifiable set of criteria can be made (‘Process 

Intensification criteria’) whi
significant reaction/process improvement. After the detailed analysis of capability of 
reactors and process feasibilities (which includes preliminary experimental results and 
simulation data),
analysis, to evaluate their potential impact. If satisfactory results are obtained, it is possible 
to continue with the practical validation; otherwise, the feedback allows for a 
development and investigation in order to remove/overcome the critical points highlighted 

in this stage of the evaluation.
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A decision about the process flow scheme and the degree of scale-up (both for the state-of-
the-art and the proposed intensified process concept) gives enough information for capital 
cost (CAPEX) estimation. In the operational cost (OPEX) part, material costs are generally 

known after a proper definition of the chemistry. However, cost of labor, utilities and 
energy requirements are highly dependent on the reaction efficiency and time, process yield 
and thus downstream purification and recycling efforts. Therefore, sensitivity analyses are 
needed, which explain the cost figures in a scenario-wise fashion. 

One of the goals of this work was to connect the innovation in catalyst/support level with 
the inventions that may result on reactor/process level. As a starting research point here, the 
state-of-the-art and challenges in chemical process intensification, and particularly 

microtechnology, have been analyzed through a patent review that explains the most recent 
developments in the field. 

1.2. Microreactor technology as a process intensification tool 

1.2.1. Recent patents in micro process technology  

A growing interest in miniaturization of continuous operation in a variety of chemical 

processes is reflected in the patenting behavior of companies active in this area. In 2008, 
Hessel et al. reported the different patenting strategies of these companies.17 The patent 
study indicated a growing interest in microreactor technology in industry, although it was 

still a niche market with Germany, USA, Japan, and China as the leaders in patent 
applications. Hessel et al.17 expected that the narrow distribution of ownership would 
change and that microreactor patent applications would reflect the distribution in worldwide 
fine chemical production in terms of locations and entities.17 Moreover, the authors have 

anticipated a shift of interest from the devices to processes and plants. The updated review 
presented here was aimed at verifying the predictions and investigating the future patenting 
opportunities for the process innovations introduced in this project.   

The number of patents filed up to 2010 has been determined by the international patent 
documentation center (INPADOC) database. The top 4 most active patentees in the field 
since 1995 were: Velocys Inc. (43 patent families), Fuji (39), Merck GmbH (33) and 
Battelle Memorial Institute (28). The number of microreactor patent families in different 

categories is shown in Figure 1.4, indicating the agreement with the predictions from the 
previous patent study.  
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Figure 1.4. Graph representing the number of microreactor patent families based on the INPADOC 
family system.1 

Indeed, the number of patent families worldwide leveled off and is expected to decrease 
further in the next years. On the contrary, the awareness of flow chemistry, and therefore of 
microreactor technology, increased significantly in the past few years, which is shown by 

numerous symposia with a high industrial interest. Thus, it is clear that the industry is 
becoming more interested in applying the novel technology rather than developing 
additional devices. However, the decreasing number of patents indicates that the newly 

developed processes have not been patented yet which gives the opportunity for further 
discussion. The next section summarizes patents on gas-liquid-solid reactions and 
microreactor devices used therefor, and addresses the gaps observed in this area. 

1.2.2. Multiphase reactions in microreactors 

Many multiphase reactions are difficult to conduct when compared to reactions with all 
reactants and products in a single phase. To accelerate a multiphase reaction, processing 
steps for producing high interfacial areas between the phases are needed, and microreactors 

have found their application in this field.18,19 Multiphase unit operations, such as 
absorption, stripping, and extraction, are greatly improved compared to their macroscopic 
counterparts, due to the large interfacial areas for mass transfer.20 Many fast chemical 
reactions, for example the direct combination of hydrogen and oxygen to produce hydrogen 

peroxide,21 gas–liquid–solid hydrogenations,22,23 direct fluorination of aromatic 
compounds,24 and immiscible liquid–liquid nitration,25 have been successfully performed in 

                                                 
1 The “ALL” category does not always correspond to the sum of number of all other patents published 
that year, which is caused by the fact that the numbers result from different databases. For example, a 
US patent published in 2010 can belong to a family that was published the previous year in the 
“ALL” category. 
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microreactors. Some relevant patents for microstructured devices for multiphase reactions 
have been summarized by Dencic et al.26 with the main focus on falling-film microreactor 
patents and patents on microcapillary devices. 

Gas-liquid-solid reactions. It is known that a method to incorporate a solid to provide a 
large gas–liquid as well as a large solid-liquid interfacial contact area while reducing 
pressure drop across the reactor channels is crucial for a successful reactor design. A 

combination of catalyst and reactor design to perform three-phase reactions determines the 
product selectivity and the production rates per unit volume of the reactor. The efficient use 
of microreactors requires deposition of the catalytically active component onto 
microchannel walls. Micro-packed beds of powder catalysts can be used sometimes, but in 

general a thin layer of catalyst deposited on the reactor wall is preferred because of mass 
and/or heat transfer improvement, combined with a low pressure drop.27  
Patents for catalytic microreactors largely deal with the method of catalyst loading and 

insertion. A review of patent publications on catalytic coatings (including microstructured 
channels) was published recently.28 It explains methods of catalyst deposition on 
microstructured substrates and some processes performed therewith. The review also 
anticipates that further development of microstructured reactors requires more advanced 

catalytic coatings.28 Future topics for microreactor catalysts are expected to deal with the 
enhancement of catalyst stability, elimination of catalyst leaching, recoverability, and the 
exchange of inactive catalyst modules. Apart from the classical channel-wall coating, some 

patents show smart catalyst solutions, for example, porous carriers inserted into 
microchannels.  

Enzymatic microreactor patents. One of the important advantages of microreactor 

technology is its use in bio-based production processes, where it can help in the more 
efficient use of biocatalysts. Enzymes are known as sustainable chemo- and stereoselective 
catalysts that, combined with microreactor technology, can significantly increase reaction 
selectivity and yield. Moreover, specific reaction conditions, e.g. pH and temperature, 

which are extremely important for enzymatic activity can be accurately controlled in 
microreactors. 
Very few enzymes have been applied to microreactor-based process development, and only 

a few patents describe the construction of enzymatic microreactors, which is an indication 
that the field is still in its initial stage. Efforts directed towards the development, 
optimization, and application of micro-enzymatic reactors will open a new era in bio-based 
processing.29 A microreactor that carries a silica-based nanoporous material–enzyme 

composite, i.e. a microreactor using immobilized enzymes, and a sandwich-structured 
enzymatic membrane reactor patent have been described in the patent review, published by 
Dencic et al.26. 

Following the industrial trends for developing processes rather than new microreactor 
devices, it is expected that in the near future new microreactor based process design patents 
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become available. Particularly for enzymatic microreactors potential for various 
combinations of innovations exists – many novel supports for enzyme immobilization, 
novel engineered enzymes and microreactor devices are patented as individual innovation. 

However, the mutual effects and benefits they bring to the entire process design have still 
not been addressed systematically.  

1.2.3. Bio-organic syntheses enabled by microreactor technology 

Microreactors are widely used in various organic syntheses, where their characteristics of 

enabling decreased time constants for mass and heat transfer and thereby improving 
selectivity and yield are the most pronounced.30 Biochemical synthesis in microreactors is 
of more recent date, and followed numerous analytical and diagnostic applications (such as 
Micro Total Analysis Systems (µ-TAS), enzyme linked immunosorbent assays (ELISAs) 
and enzyme-mediated protein fragmentation.31 Efficient use of small amounts of reagents 
and catalysts (and expensive enzymes) in development studies is a clear motivation for the 
growing applications of microreactors in synthetic bio-organic chemistry.32 

Main challenges for efficient use of enzymes are shown to be in their low productivity, 
short lifetime and mutual deactivation (in case of multi-step reactions). A development of 
an efficient miniaturized flow system can enable a long term use of the biocatalysts, while 
the reactor milli-dimensions will facilitate the hydrodynamics and the control of reaction 

conditions.33 The advanced knowledge on immobilization techniques, close control of 
operating conditions and factors that will increase productivity are important items to allow 
for tailoring of enzymatic flow reactor design, and thereby to support process 

intensification needs. It is important to note that benefit from the miniaturization can be 
found in other steps than conversion (such as efficient mixing and separation).32,34 Thus, the 
issues of process integration and a holistic process design approach have considerable 

importance.  
The use of microreactors for valorization of biomolecules is gaining increasing attention. 
Some examples of biomass “platform molecules” are sugars (glucose and xylose), polyols 
(sorbitol, glycerol), furans (hydroxymethylfurfural and its derivatives), acids (lactic acid, 

levulinic acid) and alcohols (ethanol).35 Platform molecules are selected based on their 
availability and potential to produce corresponding intermediates and final products. 
However, the production of platform chemicals often proceeds in a multi-step process with 

low overall selectivities and yields. Therefore the amount of final product is low, costs are 
high and their further applications are limited.36 To overcome these limits, not only novel 
synthesis routes are required but – virtually hand in hand - also novel process technologies 
that will improve the efficiency of the conversion processes.37 A few examples from 

literature of microreactor technology based valorization of biomolecules are shown below. 
A new continuous production method of 5-hydroxymethylfurfural (HMF) from glucose and 
fructose in a high-pressure and high-temperature aqueous medium has been developed by 

scientists from the Advanced Industrial Science and Technology in Japan.38 Within 10 
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seconds of reaction time a high selectivity and high yield in HMF synthesis were achieved. 
By using a high-pressure and high-temperature microreactor, heating and cooling within 
0.01 s was achieved. As a result, production of HMF with a selectivity exceeding 80 % and 

a yield higher than 70 % became possible. 
Further, a silicon microreactor was used by Seeberger et al. for the enzymatic 
oligosaccharide synthesis.39–41 The authors reported for the first time the synthesis of higher 
oligosaccharides in a micro-device. A significant advantage was found from the results of 

this continuous-flow study, over a much more time consuming and costly batch 
optimization. The development of a microreactor system for the synthesis of 
oligosaccharides enabled rapid reaction optimization and faster development of important 

products such as carbohydrate based vaccines.  
A facile continuous flow synthesis of tetra-β-peptides has been reported by Flögel et al.42.  
The ease of heating microreactors and their small internal volume facilitates the 
optimization of coupling reactions and requires only small amounts of the expensive 

starting materials. Reaction temperatures ranging from 90 °C to 120 °C resulted in 
complete conversion in short reaction times while preventing product precipitation during 
the reaction. Tetrapeptides were synthesized in a higher overall yield (68 %) than obtained 

by batch syntheses employing solution phase (50 %) or solid-phase approaches (55 %). 
When compared to conventional batch reactors, faster formation of polycaprolactone has 
been achieved with a microchannel reactor filled with Novozym 435 beads.43 90 % 
conversion was obtained within a residence time of 5 min, while a batch system gave only 

70 % conversion during 30 min reaction time. This is mainly due to the much higher 
catalyst concentration per unit volume of the millireactor compared to the batch reactor. 
This microreactor platform can be extended to be used for efficient enzymatic synthesis of 

various biopolymers. However, many issues regarding enzymes (such as leaching and other 
means of deactivation) need to be solved, for the batch as well as for microreactor based 

process, before they can be used on a commercial scale. 

1.3. Process driven use of microreactors 

1.3.1. 	ovel Process Windows 

Process Intensification is driven by four generic principles:1  

- Structure: maximal effectiveness at molecular level, catalysts and phase contacts 
- Time: the same processing experience for each molecule  
- Energy: optimal driving forces on every scale and maximal specific areas to which 

those driving forces apply 
- Synergy: maximal synergistic effects on molecular scale, transport processes and 

processing units.  
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Microreactors, being the enabling function for controlling structure, time and energy, 
belong to the synergic (functional) domain. Even when applied in conventional process 
windows, microreactors already bring advantage in operation.18,34,47,48 Moreover, when 

process conditions far from the usual practice are applied, process intensification may be 
further maximized by adding an additional chemical intensification field. Unlike process 
intensification and micro process technology enhancing mass and heat transfer to reveal 
intrinsic kinetics, Novel Process Windows aim at speeding up intrinsic reaction rates, i.e. 

dramatically reducing reaction time.9 Existing processes can be improved by applying 
unconventional conditions which can be divided into six categories: new chemical 
transformations, routes at elevated temperatures, routes at elevated pressures, routes at 

increased concentrations or solvent-free routes, routes in the explosive or thermal runaway 
regime, and process intensification and simplification, as shown in Figure 1.5.5,9 By using 
the unconventional conditions, the limitations artificially added to chemistry are removed 
and chemical intensification is enabled. This is a relatively new approach, however there 

are several industrial examples that successfully use its advantages. 

 

 

Figure 15. Major paths for Novel Process Windows, Copyright © 2009 WILEY-VCH Verlag GmbH 
& Co. KGaA, Weinheim9 
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1.3.2. Other process design considerations 

Various microreactor configurations are already used for chemical transformations towards 
valuable products. Generally, small quantities of valuable products to be further used in 
pharmaceutical and fine chemical industry are efficiently synthesized, with low material 

intensity and with yields considerably higher than those of a conventional batch process. 
Multidisciplinary research combining catalysis (enzymatic, homogeneous or 
heterogeneous) as well as (bio)process design and chemical reactor engineering is a 
prerequisite to achieve an efficient catalytic process. The combined use of active and stable 

catalysts and micro-flow conditions has already been recognized as one of the ten key 

issues for chemical synthesis in the flow mode.47  

As demonstrated by Table 1.1 there are important achievements in microreactor based 
processing of biomolecules related to efficiency and reaction time. This encourages further 

experimental effort with other (more complex) biomolecules and broadening of the range of 
available high value products synthesized from natural sources. However, there are many 
developments still to be done before these bio-based processes can be performed on an 

industrial scale with a complete batch-to-flow process change. For example, a faster 
development of important products for biomedical applications and their production 
processes is envisaged, based on the enhanced apparent reaction rates and, even more 
important, higher selectivities. This is a fairly realistic prediction, although proofs for 

complete development up to the market stage are still vague. Moreover, the catalyst 
performance and stability, especially when it comes to biocatalysts, is still not well 
investigated. Efficient syntheses with a small amount of dissolved enzymes are reported, 

but their separation from the product mixture and possibility of reuse are rarely discussed - 
with the exception of two-phase reactions when enzyme stays in the aqueous phase and is 
automatically separated from the organic/product phase. Conversions with immobilized 
enzymes are shown to be valuable as well. However, enzyme stability and its rate of 

deactivation need more detailed testing.  

Naturally, there are many more considerations to be involved in view of a complete process 
development. Some of these are: 

- Reactor design and scaling up; 
- Life-time of the catalyst/enzyme; 
- Economic potential of the novel technology; 

- Reactor adjustment to downstream operations; 
- Scheduling and control in term of reactor operation and downstream processing. 
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Table 1.1. Main achievements and perspectives for microreactor based conversion of biomolecules  

Some drivers for micro 
technology based 
production 

Unconventional 
process conditions 
made possible* 

Main 
achievements 

Predicted 
developments 

Low selectivities; 
Time and energy 
consuming syntheses; 
Safety issues; 
Routes including 
natural sources desired 
but rarely economically 
competitive. 

High 
temperature/pressur
e; 
Use of 
microwaves;** 
Use of photo-
chemistry; 
Increased 
concentrations; 
High catalyst 
loading. 
 

Increased 
selectivity and/or 
yield; 
Easy process 
control; 
Narrow molecular 
weight 
distribution; 
Less costly 
preparations; 
High volumetric 
reaction rates. 

Reaction 
optimization; 
Faster product 
development; 
Synthesis of long 
chain polymers e.g. 
by living 
polymerization; 
Use of multiple 
(numbered up) 
microreactors; 
Automated 
production. 

*further references available from 9 
**in detail explored by 48,49 

1.4. The thesis outline  

The work in this thesis was carried out within the European Community’s 7th Framework 

Programme’s project “Modern polymer- based catalysts and microflow conditions as key 
elements of innovations in fine chemical synthesis” - POLYCAT. The aim of the project 
was to develop an integrated, coherent and holistic approach for efficient synthesis of 
vitamins, pharmaceutical and crop protection chemicals by using the enabling functions of 

novel heterogeneous polymer based nanoparticulate catalysts, “green” solvents and 
microreactor technology, see Figure 1.6. Although these three innovative concepts have 
been proven to be suitable on their own for improving the performance of conventional 

organic syntheses (see 50–53 for some selected examples), significant benefits of their mutual 
action are the main focus of this work.  
This thesis is a result of the work performed for the Life cycle and cost analysis task of the 
POLYCAT project. The objective of this thesis is to evaluate “ex-ante” intensified 

syntheses routes enabled by smart supported chemical and enzymatic catalysts by means of 
data collection, process simulations, experimental validations and cost analysis. The 
research was aimed at defining the operational window of industrial scale micro/milli-

reactor based operation, as well as the influence of the catalyst appearance, reactor type and 
the chemistry itself. The industrial requirements for production scale, technology 
availability and the current market state had to be considered as well. Ex-ante cost 
estimation was used to judge the feasibility of a certain process alternative and guide a 

process selection.  
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describes the performance of the same enzyme as evaluated in Chapter 2, glucose oxidase, 
immobilized on a nanospring support which is suitable for application in miniaturized 
reactors. In Chapter 4 the commercial potential of an enzymatic microroeactor has been 

proven with a transesterification reaction performed in a fixed bed microreactor. The 
analysis of the cost of the synthesis of metal nanoparticles and previously introduced 
immobilized enzymes and their contribution to the overall process cost is reported in 
Chapter 5. In Chapter 6, the analysis of the industrial synthesis of an active 

pharmaceutical ingredient showed the possibility to intensify the process by means of 
compact continuous operation. At last, the main conclusions of the work described in the 

thesis are summarized in Chapter 7, together with recommendations for further research. 
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Abstract 

A methodology for the ex-ante evaluation of different processing options has been 
proposed. Current processes for glucose oxidation and possible improvements using 
microreactor technology have been investigated. As twofold prime research objectives, the 
oxidation with noble metal catalyst versus enzymatic oxidation and the oxidation under 
conventional process conditions versus under Novel Process Windows have been explored. 
Operation and design of an active and stable catalyst, reactor performance, and work-up are 
included. Literature analysis has shown that metal nanoparticles supported by a hyper 
cross-linked polystyrene are about ten times more active than conventional catalysts used 
for glucose oxidation. Absence of transport limitations has been assumed when the reaction 
is performed in a microreactor. Productivity can be increased up to three orders of 
magnitude compared to the conventional process in a slurry batch reactor. These results 
have been used for estimation and comparison of the production costs for a conventional 
and a virtual microreactor based process. Operational costs such as labor cost and utilities 
consumption could be reduced up to 40 % with a microreactor based operation, while 
reactor costs remain the same or are even higher than in conventional processes. This ex-
ante analysis gives information of the critical aspects of a process prior to technology 
development and facilitates the development of new process routes. This is especially 
valuable if step and paradigm changing routes are undertaken, with even no vague idea on 
their performance potential and with high technological risk. The methodology used for 
gluconic acid production will further be transferred to other chemicals which can benefit 
from using microreactor technology and intensified process concepts. 
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2.1. Introduction  

2.1.1. Current trends in carbohydrate oxidation 

In the past 20 years there has been a growing demand for the application of carbohydrates 
as feedstock for the chemical industry.1 They are renewable resources and are available in 
very large amounts. The most important carbohydrate feedstocks are starch, cellulose, 
sucrose and glucose. Their selective oxidation is an important first step in production of 

detergents, paper, pharmaceutical products, cosmetics, and food ingredients.1 Classical 
ways to perform carbohydrate oxidation are based on strong oxidants such as sodium 
hypochlorite, sodium periodate, hydrogen peroxide or nitric acid.2 Apart from the need to 

use such polluting and expensive oxidants, these reactions are also accompanied by large 
amounts of side products. This indicates a clear potential for clean and efficient catalysts. 
Noble metal catalyzed oxidation with air or pure oxygen as an oxidant is a clean and 
elegant alternative. Platinum, palladium and recently gold are proposed as efficient 

catalysts that use mild reaction conditions and enable high selectivities.3–5 Microbial 
fermentation of carbohydrates is cheap and well known but brings many disadvantages.6 
Another possible alternative is oxidation catalyzed by enzymes where highly selective 

enzymes are isolated from living cells and used as a catalyst. 

2.1.2. Model reaction – selective oxidation of D-glucose 

In this work, selective oxidation of D-glucose (further denoted as Glucose) with molecular 
oxygen to D-gluconic acid (further – Gluconic acid) has been studied as a model reaction 

for examining selective oxidation of alcohols and aldehydes (see Scheme 2.1). Gluconic 
acid is an important product in food industry, while its derivatives (gluconolactones, 
sodium and calcium salts) are used in pharmaceutical and cosmetic industry.7 The 
importance of this reaction is schematically shown in Figure 2.1. 

 

Scheme 2.1. Catalytic glucose oxidation to gluconic acid 

Main challenges in this process design and operation are catalyst handling, selectivity and 
productivity.2 A promising alternative in this direction is flow chemistry, i.e. chemical 
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synthesis not traditionally performed batchwise in stirred tanks, but using continuous flow 
through milli- and microstructured reactors.8–10 

 

Figure 2.1. Gluconic acid use and availability 

In this work conventional and microreactor based processes for catalytic and enzymatic 

glucose oxidation have been compared. All opposed options are shown in Figure 2.2. The 
first level of evaluation included metal catalyst and enzyme stability and operation, 
deactivation and reactivation issues. The process is observed at the reaction and product 

work up level, based on which it is possible to estimate costs of all the process alternatives 
and suggest improvements in the process design. This reaction is used as a model reaction 
for the studies within the European POLYCAT project.a                        

 
Figure 2.2. Process options studied in this work 

It is worth to explain the importance of this model reaction. Glucose oxidation is an 
intrinsically fast reaction, but in conventional reactors limited by oxygen transport.11 
Therefore, it is reasonable to assume that in a microreactor intrinsic kinetics will be 
approached and mass transfer limitations will be substantially reduced. Additionally, in 

enzymatic reactions a much higher selectivity can be reached, although much slower than 
                                                 
a http://www.polycat-fp7.eu/ 

Glucose + O2 ����

Gluconic acid

Worldwide market: 
60000 tones/year

Industrially produced via 
microbial route Applications: diary and meat 

industry, flavoring agent

An intermediate for the 
production of other glucose 

derivatives

A convenient example for 
process design evaluation
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their solid-catalytic equivalent. That way, gain in separation is achieved especially when 
complex and expensive molecules are used. This reaction is considered as an exemplary 
chemical process using enzymes; the main technological learning and enabling functions 

are aimed to be transferred to other enzymatic reactions which have from a fundamental 
view more potential and also more industrial relevance when applying flow chemistry. One 
such enabling key is the immobilization procedure which will provide dense package of 

enzymes, but still highly active through flexible spacer decoupling and with no external 
mass transfer hindrance into the porous support. The enzyme used as a catalyst, glucose 
oxidase, is one of the most frequently industrially applied enzymes and in this way is an 

ideal candidate for an exemplary study. Moreover, enzymatic microreactors are receiving 
an increasing attention, so it is of great importance to explore the use of glucose oxidase in 
micro devices.12–14 
The fact that glucose oxidation is not one of the very fast reactions under normal practice 
(with mass transfer hindrance on the oxygen side) and probably not even after having been 
speeded up considerably and that reagents for this reaction are bulk and relatively cheap 
materials, explains that a real-case transfer to production in microstructured reactors was 

not finally targeted and expected. Instead, this example shows the methodology to be used 
for further evaluation of expensive and/or intrinsically fast processes, and points out the 
performance features of microreactors, especially microreactors for gas-liquid-solid 
reactions. Conclusions from this chapter have been further used as a starting point for 

analysing process-design intensification an opportunity in more “realistic” reaction 

examples, for some of which even industrial interest exists. 

2.2. State-of-the-art in gluconic acid production 

Almost all gluconic acid is produced using a biotechnological process involving Aspergillus 

niger and Gluconobacter suboxidans microorganisms.7 The fermentation process has 
reasonable costs and is well developed but has disadvantages considering environmental 
friendliness, waste production and separation, which promotes focusing on other routes. 

Gluconic acid production both with enzymes and heterogeneous catalysts uses molecular 
oxygen and the only by-product formed is water (or H2O2 in the enzymatic reaction). 
Glucose is dissolved in the required amount of water and mixed with NaOH. After the 

reaction, the product mixture is evaporated until 45 wt.% of solids. Gluconic acid is 
recovered with separation techniques as ion exchange or electrodialysis and further 
condensed until 50 wt.% gluconic acid solution is obtained. The process scheme is shown 
in Figure 2.3. The catalyst is retained in the reactor by a micro porous filter or a 

microfiltration membrane in the case of the enzymatic reaction.  
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Figure 2.3. Process steps in the production of gluconic acid from glucose 

Gluconic acid is available in the market as a 50 wt.% technical grade aqueous solution. By-
products are favored at higher glucose conversion and also at high temperature and pH 
values. 2- and 5-keto-gluconic acid, glucaric acid, glucuronic acid, and guluronic acid are 
formed by consecutive reactions. Fructose, mannose, glycolaldehyde, sorbitol, and maltose 

are found as well. Isomerization from non-reacted glucose to fructose and further to sorbitol 
and mannose occurs at higher T and pH values. Some features of studied processes and 
comparison with the one industrially available are shown in Table 2.1: 

Table 2.1. Processes for glucose oxidation 

 Chemo-catalytic route  Enzymatic route  Microbial fermentation - 
industrial 

Advantages Cheap metal catalyst Higher activity and 
selectivity than with 
metal catalysts 

Cheap microorganisms  

Simple post 
processing  
 

Commercial glucose 
grade can be used   

Drawbacks Low selectivity Expensive isolated 
enzymes 

Low reaction rate 

Pure glucose required Low thermal stability High oxygen 
consumption 

Fast deactivation of 
the catalyst  

Difficult recycling of 
enzymes  

Big amount of waste 
water and by-products 

  Sterile environment 
needed  

 

2.2.1. Identification of the critical aspects of the glucose oxidation process 

	oble metal catalyzed reaction. Heterogeneously catalyzed carbohydrate oxidation faces 

problems concerning catalyst activity and low conversion.2,15 These are main challenges in 
process design and operation and no industrial production exists so far. Catalyst 
deactivation and low conversion imply complex purification and high production costs.2,16 

Therefore, it is of high importance to improve the process on the catalyst level.  
Supported platinum group metals are used as catalyst. These are Pt, Pd and Ru metals, as 
well as bimetallic catalysts which combine Bi and a platinum group metal, supported on 

Reaction Evaporation
Ion exchange/ 
Electrodialysis

DryingCondensation

Glucose/water

NaOH

Gluconic acid

Water
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carbon, silica or alumina support.4 Typical reaction conditions and properties of catalysts 
reported in literature are collected in Table 2.2.  

Table 2.2. Reaction conditions for catalytic glucose oxidation 

Catalyst 
used 

Reaction conditions 
  T (°C)         pH 

Conv. 
(%) 

Sel.  
(%) 

Metal 
content 
(wt %) 

Average 
particle 
size 

TOF 
(molglc/(
molcat·s)) 

Pt/C16 50 8.0 10 100 4.67 7 µm 0.001 
Pd/C 17 30 8.1 10 100 2.80 45 µm 0.0005 
HPS-Ru18 60-75 6-7.5 99 97 - 99 0.74 1-1.2 nm 0.013 
Pd-Bi/C19 40   9.0 99.9 Low  5.00 - - 
Au/C20 30–90  7.0–9.5 95 99.5 0.48 3-6 nm 0.014 

When a Pt or Pd catalyst is used high selectivity is achieved only at a low conversion level. 
In contrast to that, polymere and inorganic supported gold nanoparticles enable high 
selectivity even at high conversions.18 The turnover frequency (defined as amount of 

glucose converted per unit of time and amount of catalyst) is lower for Pt and Pd catalysts 
on a carbon support, while polymeric support or zeolites with gold nanoparticles enable 

higher metal activity even with lower metal content.  

 
Scheme 2.2. Reaction scheme of the enzymatic glucose oxidation to gluconic acid  

 

Enzymatic reaction. Another possibility is to catalyze the reaction by highly selective 
enzymes. The most widely used enzyme is glucose oxidase (GO) from the Aspergillus 

niger microbe, together with catalase for H2O2 decomposition.7 
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The use of enzymes is suggested as a valuable option because of higher activity and yield 
compared to metal catalyst. Also the conversion that can be achieved without significant 

selectivity loss is higher than in a metal-catalyzed process – 50 % compared to 10 % in a 
noble metal catalyzed process. 
Main problems recognized for enzymatic oxidation are enzyme immobilization and 
stability, complex enzyme separation and low productivity. Some details on enzymatic 

oxidation of glucose reported in literature are collected in Table 2.3. 
 
Table 2.3. Reaction conditions for enzymatic glucose oxidation 

Enzyme used Reaction conditions 
 T,°C            pH 

Conversion, 
selectivity 

 

Glucose oxidase21 25-60 5 – 8* Conversion higher than with Pd 
and Pt 

Hyderase (glucose 
oxidase + catalase) 22 

0-30 ─ ─ Fractional conversion 5 – 10 % 

Aspergillus niger 23 30 5.5 High selectivity, 
Yield 93 % 

Gluconobacter 
oxidans 24 

32 4.5 - 5 Conversion 99 % 
Yield 40 % 

*max rate at pH= 6.5 

Enzyme immobilization. Enzymes can be freely suspended in a solution or immobilized on 

a support. Immobilization makes enzymes stable, protects them from shear damages and 
enables their repetitive use.25 Also, no product purification steps are required. However, 
immobilization may lead to mass transfer limitations and decreases enzyme activity due to 
blocking of the active site.26 More details about enzyme immobilization options are 

presented in Chapter 3 of this thesis. 
GO can be entrapped in calcium alginate gel beads.25 The enzyme is enclosed in an aqueous 
solution inside a semipermeable membrane capsule. The main advantage of this 

immobilization is proper contact between the substrate and the enzyme with this particle 
structure. Still, loss of activity, leaching and lower reaction rates limit the application of 
immobilized enzymes.25 

GO immobilization on a membrane has also been investigated.27 Problem with 

immobilization on membranes is fouling, especially if catalase is added to the mixture, as 
enzyme denaturation and aggregation occur.28 In addition, surface shear and pressure drop 
play a significant role in the fouling process. Surface shear also depends on the type of 

membrane, which has been demonstrated by comparing polymeric and anion exchange 
membranes. Enzymes immobilized directly on an anion exchange membrane lost 50 % of 
their activity within 10 days, while with immobilization on a polymeric membrane an 
activity of 80 % remained after 90 days.27,29 Enzymes can also be used freely suspended in 

a solution.30 That way, there are no diffusional effects and recycling of enzymes is possible 
if a membrane is connected in series with the reactor. However, enzyme stability is 
degraded and their separation is complex. 
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Enzyme deactivation. Similarly to the catalytic process, enzyme deactivation is one of the 
main problems in this reaction.31 It occurs due to various inhibition effects and 
immobilization methods. Enzymes may be inhibited by a substrate or product formed. It is 

shown that most important product inhibition is competitive inhibition.32 Product molecules 
occupy available active sites and consequently decrease reaction rate. This can be avoided 
by immediate product removal and employing additional enzyme to decompose the H2O2 

by-product. Therefore, by optimizing reactor design, also inhibition effects can be reduced. 

Comparison of metal-catalyzed process and enzymatic process 

In Table 2.4 enzyme and catalyst activity and reaction rate for comparable initial conditions 
applied in the oxidation of glucose are compared.  

Table 2.4. Enzyme and catalyst activity 

 ENZYME (GO) METAL CATALYST 

Specific activity  172 mmol/(gsolid·min) 32 56 mmol/(gcat·min) (Au) 
15 mmol/(gcat·min) (Pd)33 

Deactivation rate   15 % lost in 20 hours 

(immobilized enzyme, 
airlift reactor)31 

Fractional coverage of 

inactive oxygen species (5 
% in 20 hours) 

Maximum reaction rate , 

c(glc) =40 g/L, c(cat) = 4 g/L 

0.84 mg/(L·s) 3.6 mg/(L·s)  (Au) 

1.2 mg/(L·s) (Pd)  

 

Specific activity of the catalyst is defined as the amount of substrate converted per unit of 
time when 10 % conversion is reached and per amount of active metal in the catalyst 
(mmol/(gcat·min)). Similarly, specific enzyme activity is defined as units per gram of solid. 

One unit is the amount of enzyme that oxidizes 1 mmol of glucose per 1 min at optimum 
conditions. An enzyme fraction in the solid of about 0.7 is assumed.  
If the enzymatic reaction is performed for 20 h in an airlift reactor, glucose oxidase 
immobilized on a polymer membrane is deactivated by about 15 %.31  With a palladium 

catalyst, oxygen coverage (fractional coverage by inactive oxygen species) after 20 h was 5 
%. This result has been obtained using a mathematical model of the kinetics in a batch 
reactor and the reaction conditions proposed by Gogova et al..17 It has been shown that 

enzymes are deactivated much faster, what also increases their total costs. Additionally, 
enzymes are more sensitive to process conditions and storage; operation and maintenance 
with enzymes are more difficult. Reaction yield is often higher than for a Pt/Pd catalyzed 

reaction, while the gold catalyzed reaction is comparable in terms of yield and activity. 33 

Reaction section and product work up level  

Reaction. The current reactor concept requires low conversion of glucose in order to avoid 
side product formation. Because of the low conversion, isolation of the product requires 
large amounts of solvent. Separation equipment is energy consuming and expensive. 
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Therefore, improving selectivity and productivity would have technical and economic 
benefits by reducing the amount of separation stages and time required therefor. By 

replacing the conventional catalyst and by adjusting reaction conditions, selectivity can be 
significantly improved. In addition, a low productivity is connected to a low selectivity and 
a number of side and consecutive reactions.  
Product work up. Special attention in the enzymatic process is given to enzyme separation, 

in case the enzymes are used in solution. They can be separated from the product by a 
microfiltration membrane which retains enzymes on the membrane. Once separated, the 
enzymes are concentrated and purified using ultrafiltration. Product can be isolated by 

electrodialysis or ion exchange, similarly to the catalytic process, while permeate is 
recycled back to the reactor.34

 

If enzymes are immobilized on a solid support, they can be re-used in multiple cycles, for 
instance in a packed bed microreactor. Here, the enzyme separation step is eliminated from 

the main process, thus simplifying and increasing the overall process yield. A membrane 
bioreactor can operate with enzymes in solution or linked to the membrane. The membrane 
will retain the enzyme in the reactor, while the reactant (glucose) and the product (gluconic 

acid) are passing through the membrane. 

2.2.2. Process intensification criteria 

Based on the process characteristics stated before, the key issues in the process can be 
identified:  

- catalyst deactivation 

- low selectivity 

- enzyme stability 

- low productivity.  
These issues are bottlenecks in the process that can be efficiently overcome by process 
intensification. PI objectives in this process are technology improvement at the catalyst-

reaction-process level, but also economics and environment. An intensified process would 

have the benefits summarized in Table 2.5. 

2.3. Design of an intensified reactor 

Two microreactor concepts applicable for gas – liquid – solid reactions have been 
evaluated: a falling film microreactor and a micro packed bed reactor. The falling film 

microreactor utilizes contacting of two continuous phases with a known, pre-defined and 
large interface for mass transport. The micro packed bed reactor utilizes straightforward 
continuous dispersion to small bubbles with very large interface; however not exactly 

known without additional measurement. 
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Table 2.5. Process intensification criteria    
PI criterion Level State-of-the-art    Improvement 

 
Catalyst 
activity 

 
Catalyst 

 
Inorganic catalysts: fast 
deactivation due to formation 
of metal-oxides or blocking 
catalyst active centers.  
Enzymes: deactivation due to 
enzyme immobilization and 
inhibition. 

 
Nanoparticulate catalysts are 
more active and stable, gold 
and ruthenium on polymeric 
and inorganic support are 
investigated: TOF 0.013 
mol/(molRu·s)  and 0.014 
mol/(molAu·s) compared to 
0.0005 for Pd catalyst.5,35 

 
Selectivity 
 

 
Reaction 

 
Inorganic catalysts: high 
selectivity only at low 
conversion. 
Enzymes: higher selectivity 
than with metallic catalysts but 
varies with conditions. 
 

 
With polymer 
nanoparticulate catalysts 97 
% - 99 % selectivity can be 
reached for conversion up to 
99 %.35 

Productivity Process Inorganic catalyst: low 
productivity due to catalyst 
deactivation and side and 
consecutive reactions.  
Enzymes: substrate or product 
inhibition, loss of activity. 
 

When using micro 
dimensioned reactors space 
time yield is increased by 
three orders of magnitude 
compared to the conventional 
process in a slurry reactor.  

Production 
costs 

Economy Inorganic catalysts: complex 
and expensive separation and 
purification.  
Enzymes: expensive and 
complex recovery. 

By using microreactors 
reaction/operation time is 
reduced and selectivity 
increased leading to lower 
production costs. 
Also, downstream processing 
is simplified, thus plant cost 
is lower. Product quality 
improvement and lower 
operating costs justify high 
microreactor cost. 
 

Process 
safety 

Environ-
ment 

Batch or semi-continuous 
production - less safe - 
higher volume leads to bigger 
inventory. 
Environmentally dangerous 
alternatives in use. 
 

Microreactors enable lower 
solvent consumption by 
increased concentration of 
reactants. Less waste and 
higher safety are enabled. 
For glucose oxidation 
process safety index 
decreased from 10 to 7 (less 
inventory, less equipment, 
controlled exothermicity).36 
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2.3.1. Falling film microreactor 

The Falling Film Microreactor (FFMR) was developed by Institut für Mikrotechnik Mainz 
GmbH (IMM)b and has found many predecessor applications.37–42  In the FFMR thin falling 

films move by gravity for a typical residence time of seconds up to about one minute, 
providing high mass and heat transfer. In conventional units, film thicknesses of at least 
500 µm are common, whereas liquid film thickness obtained in the falling film 
microreactor is in the range of 50 - 300 µm. As a consequence of the small film thickness, 

combined intensified heat transfer and gas-to-liquid mass transfer is achieved. Depending 
on the liquid flow rate, overall mass transfer coefficients of kLa = 3 to 8 s-1 were estimated 
for nitrobenzene hydrogenation.43 As a result, the reactor appears to be an appropriate tool 

for the study of fast exothermic gas–liquid reactions. 
A typical reactor consists of a stainless steel plate with shallow semi-circular to almost 
rectangular-shaped channels (dependent on aspect ratio; due to the isotropic wet etching 
manufacturing) in which the liquid flows. The gas flows between the liquid film and a 

transparent glass plate. The gas chamber is typically 1-5 mm wide. At the bottom of the 
plate, a microstructured heat exchanger is installed. Due to such compact design, a high 
specific interfacial area (up to 20000 m2/m3) is achieved. The solid catalyst is typically 

incorporated in a high surface area 10 µm thick film, deposited using the 
slurry/washcoating method, followed by impregnation or incipient wetness. A disassembled 
FFMR is shown in Figure 2.4. 
Calculations of FFMR performance have been done for plates of 25 cm length and five 

different channel dimensions: 100×300, 200×600, 400×1200, 800×2400, 1200×3600 µm2. 
One plate consists of 50 channels with a catalyst washcoat layer with a thickness of 10 µm 
and catalyst density of approximately 1000 kg/m3 (for example, gold on carbon support). 

It has been assumed that no diffusion limitations in the catalyst layer exist for such short 
diffusion lengths. In the following paragraphs we will demonstrate that the resistance 
against reaction is much larger than the resistance against mass transport of oxygen. 

 
Figure 2.4. Left – Disassembled falling film microreactor. Right – scheme of a structured reaction 

plate and flow of gas and liquid phase.44 Reprinted with permission from Elsevier 

                                                 
b FFMR catalogue is available under http://www.imm-mainz.de/fileadmin/IMM-upload/Flyer-
Katalog_etc/Catalogue09_FFMR.pdf 
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The reaction rate equation, according to Önal et al.20, follows the Langmuir Hinshelwood 
reaction model: 

[ ]
[ ]

1 [ ] [ ]

kK GGr cat
K G K GAG GA

=
+ +

                     (1) 

where k the kinetic constant, KG the absorption constant of glucose and KGA is the 
desorption constant of gluconic acid.  

For a complete falling film flow of a Newtonian fluid, with a flat surface profile in a 
FFMR, the Reynolds number can be defined as 

4
Re L Luδ

ν
=                         (2) 

The thickness of the liquid film, according to Nusselt theory, depends on the volumetric 
flow, the channel width and the viscosity of the mixture: 
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The mean velocity can be expressed as 
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The liquid side mass transfer coefficient can be calculated from the values of the Sherwood 

and Graetz numbers, 
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d
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l

=                       (5) 

For laminar flow inside the studied microchannels the Graetz number is Gz = 0.2 - 2.6. It is 

found that for Gz-1 >  0.1, Sh = 2.43 45. Therefore, as 
2L

eff

k
Sh

D

δ
= , the calculated liquid side 

mass transfer coefficient is kL = 3.6⋅10-5 m/s. Having an interfacial area of a = 10000 

m2/m3, the overall volumetric liquid side mass transfer coefficient, kLa, is 0.36 s-1. The mass 

transfer resistance from the gas side is neglected. In order to confirm the absence of internal 
diffusional limitations, the Weisz modulus is calculated. Approximating the behavior to a 
first order reaction rate, the Weisz modulus can be expressed as: 
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eff A

r
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D c

− −
Φ =                                    (6)  

The initial reaction rate of gluconic acid formation, r0, is 11.6 mol/(mcat
3·s) for [G] = 500 

mol/m3 and T = 50 °C. The reaction rate is based on experimental results reported by Önal 

et al..20 Calculating the value for a micrometer size catalyst particle and the parameters 
given above, it follows that the Weisz modulus is much smaller than 1 (Ф ~10-3), therefore 
internal diffusion is not significant. The time needed to reach complete conversion is 
calculated based on the intrinsic reaction kinetics (1), and knowing that in microreactors 
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both substrate and catalyst concentration can be higher, leading to an intensified intrinsic 
kinetics.  

The substrate concentration in the FFMR is considered to be 3560 mol/m3 (50 wt % glucose 
solution), compared to 1000 mol/m3 of optimal concentration in the slurry reactor.2 Catalyst 
loading is calculated as mass of catalyst that is incorporated inside the channels per unit 
volume of the reactor. Therefore, catalyst loading is 7.7 to 93 times higher than the loading 

in the conventional slurry reactor, which is 10 kg/m3. Knowing that the glucose 
concentration is 3.56 times higher, the reaction is 27 to 331 times virtually intensified. The 
catalyst residence time of 3600 seconds in the slurry reactor16 is compared to the residence 

time in the FFMR needed to reach complete conversion through the intensification factor I: 

t
I

τ
=                          (7) 

Reactor details and possible productivities are summarized in Table 2.6. 
 
Table 2.6. Falling film microreactor data 

Channel 
size, µm2 

Catalyst 
loading, 
kg/m3 

 Catalyst 
mass, g 

Residence 
time 

required, s 

Liquid 
flow, 
mm3/s 

Produc-
tion, kg/y 

Productivity, 
kg/(h·kgcat) 

100×300 930.7 0.06 10.6 27.8 557.8 1124 
200×600 465.0 0.12 21.5 54.6 1096.8 1097 

400×1200 232.5 0.25 43.4 108.5 2178.1 1089 
800×2400 116.2 0.50 86.8 217.0 4356.0 1089 
1200×3600 77.5 0.75 130.2 325.6 6534.3 1089 

 
Similarly, the productivity of a batch reactor is calculated assuming the inlet glucose 

concentration of 1000 mol/m3. A conversion of 10 % corresponds to gluconic acid 
concentration of 100 mol/m3 at the exit. A reactor volume of 6.6 m3

liquid has been used in 
the batch process design of Vleeming.46 The catalyst concentration of 10 kg/m3 corresponds 
to 66 kg of catalyst in the reactor. Therefore one batch produces 125 kg of product and the 

productivity per mass of catalyst is: 

125
1.89

1 66batch
cat cat

kg kg
P

h kg h kg
= =

⋅ ⋅
                    (8) 

It can be noticed that the productivity of different FFMRs is nearly constant. This is due to 

the proportional amount of catalyst (constant catalyst layer thickness of 10 µm) that is 
assumed. However, a much higher amount of catalyst can be placed in larger channels if 
still no mass transfer limitations are observed. Yet, productivity is more than 500 times 

higher than in a batch process. When compared to other FFMR studies found in literature, a 
productivity increase of 6000 times was observed for nitrobenzene hydrogenation in an 
FFMR compared to a 3 m3 batch reactor.47 
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Scale-up of a falling film microreactor. The capacity of an FFMR can be first increased 
by adding more parallel microchannels in the horizontal direction or within a single plane, 
shim, sheet, or repeating unit. A further capacity increase is obtained by enlarging 

microchannels or using multiple units, as represented by stacking layers of sheets to larger 
heights. The numbering-up method of increasing capacity reduces the risk by keeping the 
heat production in one channel and channel flow hydrodynamics the same, but introduces 

its own challenges around manufacturing, flow distribution and integration with the macro-
scale plant.48 Scaling up and corresponding production rate for the case of gluconic acid 
production is shown in Figure 2.5. This method of performing scale-up is related to the idea 

of process integration introduced before and is one of the new possible industrial 

applications of previously developed devices, as has been described in Chapter 1. 

 

Figure 2.5. Scaling up for the falling film microreactor 

 
Although the smallest channels seem to give the highest space time yield, scaling up to 

reach the required capacity would be difficult. On the other hand, using the widest channels 
would result in the lowest number of parallel plates. Still, channels of 3600×1200 µm2 are 
not commercially available. Governed with the idea that existing scale-up approaches 

should be preferred and large numbering-up factors should be avoided, it is proposed to 
design the process with the middle size channels, 1200×400 µm2. For the production of 
1000 t/y of gluconic acid using microreactor technology, multi-plate stacks in parallel have 
to be used. If FFMR plates with 1200×400 µm2 channels are chosen, 46 stacks consisting of 

ten plates in parallel are needed. This is indeed a high number of stacks, which would in 
practice lead to big flow maldistribution and difficult control.  

FFMR-STA	DARD

l = 7.6 cm, 16 channels

F = 0.22 t/a

FFMR-LARGE

l = 25 cm, 50 channels

F = 2.2 t/a

STACK-10x-FFMR-LARGE

l = 25 cm

A = 10 * A,large

F = 22 t/a
External numbering up (x46)

Target production 1000 t/a
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2.3.2. Micro packed bed reactor and comparison with the FFMR performance 

Another reactor type that can be used for gas-liquid-solid reactions is the micro packed bed 
reactor.49 The direct incorporation of catalyst pellets inside microchannels, as it is the case 

in this reactor type, is preferable because of easy catalyst replacement. Catalyst pellets in a 
conventional reactor are 4-8 mm, while in a micro packed bed particles as low as 50 µm 
can be used. That is an up to 100-fold increase in surface-to-volume ratio, which results in 
improved temperature control and small time constant for mass transfer. Overall mass 

transfer coefficients (kLa) are measured to range from 5 to 15 s-1,49 nearly two orders of 
magnitude larger than values for standard slurry reactors (kLa = 0.01-0.08 s-1).50 In addition, 
the packed bed approach ensures improved mixing of the gas and liquid phases, as 

compared to a multichannel planar surface. Main concerns connected to the use of micro 
packed bed reactors are: incorporating the catalytic solid phase, ensuring proper dispersion 
of the gas and liquid phases and minimizing pressure drop. 
The performance of a 20 cm long micro packed bed reactor with a channel diameter of 0.7 

mm and 10 channels in parallel has been compared with an FFMR-standard with 1200x400 
µm2 channels, as shown in Table 2.7. 
 
Table 2.7. Performance of a FFMR and micro packed bed reactor 

 FFMR Packed bed 

Cglc, mol/m3 3600 2115 
mcat, g 1.1 2.0 
Ccat, kg/m3 232.5 2628.6 

Number of channels 50 10 
Productivity, kg/year 2178 1382 
∆p, bar 0.06 2.8 

 

The FFMR can handle higher viscosities, and thus higher glucose concentrations compared 

to a packed bed microreactor. Catalyst loading is much higher when a packed bed is 
considered than with a washcoat layer. Considering all these parameters, the total 
productivity of one FFMR plate is larger than in the packed bed reactor. Moreover, scaling-

up for a micro packed bed reactor is more difficult. In order to achieve commercial 
production, a complex arborescence structure is required, taking into account two phase 
flow distribution and a multitude of manifolds for gas and liquid inlets. Each packed bed 
channel is subject to a large pressure drop. Large pressure drop indicates high energy 

requirements and higher costs. Assuming the cost of one FFMR-stack to be 35000 €, the 
total cost of the FFMR system under study would be close to 2 million Euros. The packed 
bed microreactor described here is less costly (15000 € assumed for one stack), but 

knowing that its productivity is lower, finally a similar value is obtained. This indicates that 
any microreactor system for this process would be very expensive, but working with an 
FFMR is more promising both from technical and economic side. For the comparison, a 
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conventional tank reactor of the same capacity would be approximately 10 times less 
costly.  
This evaluation is based on practical availability of reactor configurations, i.e. an FFMR 

with 50 channels and a micro packed bed reactor with only 10 tubes. Certainly, the whole 
evaluation presented in this paper depends on these parameters. Other settings will change 
the comparison. We finally decided not to consider how the microreactors could principally 

be further scaled-out, but to rely on the data given in literature or from considering devices 
which are on the market (wherever applicable). We assumed implicitly with this, that any 
more far-fetching changes would be beyond the current state-of-the-art, e.g. operation with 

a higher number of narrow channels in parallel for the micro packed bed reactor would be 
difficult and impractical due to flow maldistribution problems. 

2.4. Analysis of the production costs  

Process intensification on the economy level is the result of reduced operation time, 
improved product yield and simplified downstream processing. This can be achieved by 

using the proposed microreactor technology and even further by applying Novel Process 
Windows. The following section includes the main calculations that lead to judging the 
economic feasibility of conventional metal and enzyme catalyzed glucose oxidation, as well 
as a falling film microreactor based process. More detailed calculations and partial results, 

from which the ones shown in this section have been derived, are reported in the Appendix. 

The total capital investment is calculated as the sum of investment in equipment, working 
capital and start up costs. The operating costs are composed of variable and remaining fixed 
costs. The variable costs include costs of reagents, solvents, utilities and waste disposal. 

These are costs that are directly connected to the production scale. Labour cost is calculated 
as fixed cost for conventional processing and as product related cost in the microreactor 
based process. The remaining fixed costs are administration costs, maintenance and taxes. 

Knowing the main costs and the capacity of the plant (1000 t/year), the production costs per 
kilogram of gluconic acid can be derived for each case analyzed.  
The following assumptions and definitions are used: 

-
 Fixed capital investment (FCI) is the sum of the inside and outside battery limits 

(ISBL and OSBL, respectively). ISBL is estimated from the purchased cost of 
equipment and applying inflation, installation and a currency conversion factor. 
OSBL is calculated as 20 % of ISBL.51 

-
 Working capital and the Start-up costs are estimated as one month of operating 

costs. 
-
 Costs of stainless steel equipment are estimated using an internet database 

available at www.matche.com, and scaling and currency conversion factors. 
-
 Cost of materials is estimated from various online sources for the largest scale 

available. 
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- Labour cost is estimated assuming the cost of labour of 40000 €/year per operator 
(3 shifts) and 80000 €/year per supervisor (2 shifts).  

- Maintenance cost is estimated as 4 % of ISBL plus 2 % of OSBL. 

- Plant overhead is calculated as 120 % of manpower plus 25 % of maintenance. 

- Taxes and insurance costs are estimated as 2 % of FCI.  

- A plant lifetime of 10 years is assumed, with a depreciation period of seven years. 

According to the flow scheme in Figure 2.3, the main operations in the process are 
reaction, evaporation, ion exchange and drying. The breakup of capital costs is shown 
in Figure 2.6. 

 
Figure 2.6. Capital costs breakup 

It is noticeable that the microreactor cost takes most of the capital investment for the 

microreactor based process; it is more than seven times higher than the cost of conventional 
reactors. The microreactor cost is calculated as the sum of stacks placed in parallel to 
achieve the desired production. The cost of the bioreactor is also higher than of the catalytic 

slurry reactor due to the higher reactor volume required. 
The cost of the evaporator is calculated to be the highest for the catalytic process, since the 
water content is the highest here due to the relatively low glucose concentration. Similarly 
to the evaporator cost, drying demand is the highest for the catalytic process. The cost of 

ion exchange is assumed to be the same for all three cases, since the capacity of the column 
depends on resin capacity and the amount of product that needs to be converted. The 
difference in heating/cooling demand comes from the fact that enzymes work on 

temperature below 30 °C, so no additional heating is required after the recycling. The total 
capital cost is, as expected, the highest for the microreactor-based process, mainly due to 

the cost of the microreactor system itself.  
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The breakup and comparison of the operating costs for the three cases is shown in Figure 
2.7. It can be seen that the operating costs for the microreactor based process are the lowest, 
due to lower utilities consumption and less manpower needed. This is further because of a 

better utilisation of catalysts, a higher substrate concentration and a less demanding 
downstream separation. Expressed per kilogram of product it is 1.31 €/kg for the 
microreactor based process compared to 1.85 €/kg and 1.95 €/kg in conventional processing 

based on chemical and enzymatic catalysts. The main cost contributor in the catalytic and 
the micro-based process is the cost of reagents (23 and 33 % respectively) of which the cost 
of glucose is dominating; in the enzymatic process the cost of enzymes dominates the total 

operating costs. Maintenance, overhead and taxes are proportional to the capital investment. 

 
Figure 2.7. Operating costs breakup 

A special attention has been given to the estimation of the total metal catalyst and enzyme 

costs. In the case of the catalytic process, irreversible catalyst deactivation occurs on a 
longer time scale. Therefore, spent catalyst must be replaced periodically and returned to 
the manufacturer for recycling. The total catalyst cost will be dealt with in more detail in 

Chapter 5 of this thesis. The annual cost of the Au/C catalyst for this process is found to be 
434 k€, or 0.43 €/kgproduct. 

The cost of a commercial free GO enzyme is found to be approximately 17 €/g on a small 
scale (source: Sigma Aldrich). A price fraction of 1/10 – 1/2 can be adopted for a larger 
scale cost.52 Due to the immobilization costs (introduced in Chapter 4 of this thesis) and the 
loss of activity during immobilization (50 % loss assumed) a much larger amount of 
enzymes has to be initially applied. Therefore, the annual cost of enzyme is 0.7 million 

euro, or 0.7 €/kgproduct which is the largest fraction of the total cost. 
Another concern is treating the catalyst inside the microchannels. Annual cost of catalyst 
has been calculated as the sum of catalyst investment and catalyst replacement cost. Since 
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replacement of the catalyst layer only is not possible, one option is to use an additional 
number of microreactors for catalyst regeneration. This will increase capital cost to almost 

the double amount and even will bring more difficulties with operation. Another option is 
to replace the plates, for example each two years, and to use an additional number of plates 
in order to avoid loss of production capacity. 
With a calculation like this, the annual catalyst cost for the microreactor system is  

C = Initial catalyst investment + 

1
Reactor Cost

3
2

⋅
 = 360 kEuro 

The overall production costs per kilogram of product are shown in Figure 2.8. 

 
Figure 2.8. Overall production cost 

The total production costs are lowest for a microreactor based process, 1.8 €/kg, even 
though the capital cost fraction is the highest for this system. The dominating operating 
costs, mainly labour and utilities, contribute the most to the lower microreactor-based 

process costs. The estimated costs are higher than the current gluconic acid market price, 
which is about 1 €/kg. This is not unexpected, since raw material prices are assumed to be 
based on limited data access and it is reasonable to believe that real selling prices are much 

lower. Certainly, cost figures are sensitive to the assumptions made; however, they 
undoubtedly show that even if large scale production is aimed at, a microreactor based 
process can be competitive and even advantageous in terms of cost. This is especially true 

for multiphase reactions conventionally limited by mass and/or heat transfer, and when less 
expensive (chemical) catalysts are used.  
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2.5. Conclusions 

The glucose oxidation reaction is considered to be a representative case for the evaluation 
of the use of microreactors and flow chemistry in general concerning gas-liquid-solid 
reactions with polymeric supports and following the methodology proposed here. For 

glucose oxidation a large experience, e.g. on kinetics, catalysts and reactor configurations, 
has been reported in literature. Conventional processing options are limited by catalyst 
deactivation and reactor limitations. Bottlenecks can be overcome by an intensified catalyst 

and reactor design. Nanoparticulate catalysts on polymeric or inorganic support have higher 
activity and stability than metal microparticles and enzymes. In the falling film 
microreactor productivity can be increased up to three orders of magnitude compared to the 

conventional process in a slurry batch reactor when using noble metal catalysts. Further 
intensification of reaction rates as well as process simplification is possible when 
combining microreactor technology and Novel Process Windows, i.e. using much increased 
temperature, high concentrations, or new chemical transformations. For this model case, 

commercial production can be achieved with 46 FFMR-stacks. This indicates a high cost of 
this microreactor system. Generally, processes with microreactors are often associated with 
high costs, but benefits in operation and added value of the product can overcome these 

higher costs. However, the analysis of capital and operational cost of a conventional and 
virtual FFMR based large-scale process for oxidation of glucose to gluconic acid shows that 
an intensified, microreactor based process is certainly cost competitive, mainly because of 
the much lower operational costs. With the cost calculations presented here, a microreactor 

based process has 15 % lower total costs, while the conventional enzyme-catalyzed process 
appears to be the least profitable. 
A reaction catalyzed by enzymes can be an interesting option due to the high specific 

activity and the high selectivity. However, use of enzymes on micro-scale is still under 

development and deeper investigation of enzyme performance and cost issues is required.  

	omenclature 

a   specific surface area, m2/m3 
b    channel width, m 
Cs   substrate concentration at the interface, mol/m3 
Deff    effective diffusivity, m2/s 
dp    catalyst particle diameter, m 
FCI   fixed capital investment 
FL    molar flow of the liquid, mol/s 
g   gravity constant = 9.81 m/s2 

Gz    Graetz number, defined by (= Re
d

Sc
L

⋅  ), dimensionless 

I   intensification factor 
ISBL    inside battery limit 
k   reaction rate constant, mmol/(g·s) 
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KG    glucose absorption rate constant, m3/mol 
KGA    gluconic acid desorption rate constant, m3/mol 
kLa    overall volumetric liquid side mass transfer coefficient, s-1 
Lp    length scale (= dp/6), m 
n    number of channels in one microreactor plate 
OSBL                 outside battery limit 
r   reaction rate, mol/(m3·s) 
Re    Reynolds number for a fully devloped falling film flow, defined by (=

4 uL Lδ

ν
), dimensionless 

Sh    Sherwood number, defined by (= 
2 kL

De

δ
), dimensionless 

t    reaction time, s 
τ    residence time, s 
uL    mean velocity of the liquid film, m/s 
δL    thickness of the liquid film, m 
ν    viscosity of the mixture, Pa·s 

Ф    Weisz modulus, defined by (=
( )2 robs

ac
D cAeff s

−−
 ), dimensionless 

 

2.6. Appendix 

2.6.1. Equipment sizing 

Reactors. For the conventional catalytic process it is assumed that the catalyst (5 wt % Pt 
on carbon support) is dispersed as a slurry in the reaction mixture. The reaction is 

exothermic (∆rH = - 400 kJ/mol53), so cooling water in the reactor jacket is used to control 

the temperature. The reactor parameters are adopted from Schuurman, see Table A2.1.54 

Table A2.1. Slurry reactor parameters 
Cglc 1000 mol/m3 Gas hold up 0.3 
Ccat 10 kg/m3 Reactor volume 8.8 m3 
Residence time 1 h mcat 66 kg 
Volumetric inlet flow 1.8 l/s Fcoolant 2.6 kg/s 
Liquid volume 6.6 m3 Dimp 0.67 m 
  Pimp 17 kW 
 
For the enzymatic process, the enzyme (glucose oxidase and catalase mixture) is 

immobilized on the cellulose membrane. The proposed ratio enzyme/glucose is 5 g/kg. The 
reactor is also stirred and jacketed to cool the mixture. Reactor parameters are shown in 
Table A 2.2. 
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Table A2.2. Bioreactor parameters 
Cglc 635 mol/m3 Gas hold up 0.3 
Ccat 0.57 kg/m3 Reactor volume 29.1 m3 
Residence time 3 h mcat 12.75 kg* 
Volumetric inlet flow 0.6 L/s Fcoolant 1.4 kg/s 
Liquid volume 22.4 m3 Dimp 3 m 
  Pimp 22.4 kW 
* A large amount of enzymes is lost during immobilization, 50%. Therefore, mass of enzyme initially 
applied should be 25.5 kg. Deactivation during reaction is slower than when enzymes are dissolved, 
so here deactivation due to substrate/product inhibition will be neglected. It is assumed that this 
amount of enzyme can be repeatedly used during whole year. 

The parameters of the FFMR have been previously introduced in the text. The cost of the 

microreactor system is estimated based on the suggested price for IMM’s integrated FFMR-
large of 10000 €, and the estimated cost of a stack with a 100-fold capacity of 35000 €. 
Approximating that 1/3 of costs is manufacturing cost, reactors with 200×600 and 100×300 

µm2 channels would cost approximately 9000 and 8000 €. 

Evaporator. After reaction, products and non reacted glucose are transferred to the 
evaporator to concentrate the mixture to 45 % solids. The flow of steam required for 

evaporation is calculated from the heat balance: 

1 1 1 1 2 2 2 2  vap vapm cp T m H m cp T m H Q∆ + ∆ = ∆ + ∆ =   

For a medium size long tube vertical evaporator, the overall heat transfer coefficient is 2270 

W/(m2K).55 The evaporator area is calculated from 
ln

Q
A

U T
=

∆
. The cost is estimated for a 

stainless steel S304 vertical tube evaporator, see Table A2.3. 

Table A2.3. Evaporator parameters 

 Catalytic Enzymatic 
Area, m2 58 28.8 
Flow rate of steam, kg/s 1.14 0.57 
Cost, k$ 663.7 365.4 
 
Ion exchange column. To convert sodium gluconate to free gluconic acid, an ion exchange 

with strongly basic resin is performed. It is preferred to work with more ion exchange 
columns in parallel, in order to decrease the pressure drop and ensure an efficient exchange. 
Here, five columns in parallel are assumed. Resin capacity is 1.2 eq/L, or 4 eq/kg of dry 
resin.56 Therefore, for sodium gluconate (NaGlc) the resin capacity is 0.856 kg NaGlc/kg 

resin. The amount of resin required to remove 141.8 kg/h NaGlc is therefore 165.7 kg/h.  
An important factor is the residence time of the ion exchange reaction. A residence time of 
1h has been assumed. If 50 % of the total resin amount inside the column is used for 

exchange and 50 % for regeneration, with a 40 % excess of resin, the total amount of resin 
is 464 kg, divided over 5 columns (see Table A2). For calculating the pressure drop inside 
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one column, a void fraction of 30 % and a mean particle size of 0.6 mm have been used. A 
pressure drop of 36 kPa has been calculated.  

 
Table A2.4. Ion exchange parameters 
Residence time  1 hour 
Amount of resin 464 kg (93 kg per column) 
Dry resin capacity 4 eq/kg 
Bulk density 710 kg/m3 
Vtotal 0.65 m3 
L/D 10 
Vcolumn 0.17 m3 
D 0.28 m 
L 2.8 m 
 
Dryer. Drying is very often performed immediately after evaporation. Here, because the 

viscosity and the density of the mixture entering ion exchange should not be too high, 
drying is applied at the end, to concentrate the mixture and to isolate gluconic acid (50 % 
solution). For this an atmospheric single drum dryer is used.The overall heat transfer 

coefficient for this type of dryer is 1 – 2 kW/(m2K).55 The total heat is the sum of heat 
transferred to the solids, the heat of evaporation, the heat to raise the moisture to the dew 
point, the heat to raise the remaining moisture to the solids outlet temperature, and the heat 
to raise evaporated moisture to the air outlet temperature. The required heat transfer area 

was calculated, see Table A2.5. 

Table A2.5. Dryer parameters 

 Catalytic Enzymatic 
Area, m2 11.5 1.2 
Flow rate of air, m3/s 14 1.4 
Cost (drum dryer) 481 k$ 304 k$ 
 
Heat exchangers. Two additional heat exchangers are needed to cool the mixture before 
entering the ion exchange column and to heat the recycled glucose before returning to the 

reactor. In the enzymatic process, glucose enters the reactor at 30 ºC, so only one heat 
exchanger is needed. Heat exchanger parameters are shown in Table A2.6. 

Table A2.6. Heat exchanger parameters 

 Catalytic Enzymatic 
Area 36.4m2 + 5.6 m2 10.1 m2 
Flow rate of cooling/heating 
medium 

1.01 kg/s + 0.33 kg/s 0.3 kg/s 

Cost 202.5 k$  + 67.5 k$ 94.5 k$ 
 
The same procedure is used for the calculation of the microreactor based process cost, only 
smaller scale equipment is considered when applicable. Main equipment cost is 

summarized in Table A2.7. 



40                                                                                                          Chapter 2.   

 
 

Table A2.7. Equipment cost for each of the cases evaluated (k€)  

Equipment Conventional 
catalytic process 

Conventional 
enzymatic process 

Microreactor based 
process 

Reactor 219 288 2140 
Evaporator 495 272 63 
Ion exchanger 116 116 116 
Dryer 359 227 60 
Heat exchangers 201 70.5 32 
Pumps 35 35 12 
TOTAL 1425 1009 2422 

 

2.6.2. Operating costs 

After solving the detailed material and energy balances according to the capacity constraint 
(1000 tons/year), an estimation of the operating cost has been done. The following items 

are considered: 

Reagents and catalysts. The cost of the reagents has been taken from various online 

sources, see Table A2.8. 

Table A2.8. Cost of the reagents 

 Price (€/ton) Source 
Glucose 300 - 400 ChemIndustry.com 
Oxygen 60 Chemicool.com 
NaOH 200 Icispricing.com 
HCl 80 Icispricing.com 
Catalyst (Pt/C) 434 Catalyst cost calculation proposed by 

Vleeming 46 
Enzyme (GO) 700 Bio-world.com 

 

Utilities. Cooling water is used in the heat exchangers and in the jacket of the reactor. 
Electricity is needed for pumping and reactor stirring, while the evaporator uses steam for 
water evaporation. The total utilities consumption and cost are shown in Table A2.9. 
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Table A2.9. Cost of utilities for each process studied 

 

 

 

 

 

 

 

 

2.6.3. Calculation of the total product cost 

The total cost of the product is calculated as a sum of capital and operating cost per 
kilogram of product, considering a plant lifetime of 10 years and a depreciation period of 

seven years. Numbers are shown in Table A2.10. 

Table A2.10. Total production costs  

 Conventional 
catalytic process 

Conventional 
enzymatic process 

Microreactor 
based process 

Capital investment, k€ 2050 2260 3440 
Plant lifetime 10 10 10 
Depreciation period 7 7 7 
Yearly depreciation, 
k€ 

292.9 322.8 491.4 

Capital cost, €/kg 0.29 0.32 0.49 
Operating cost, €/kg 1.85 1.95 1.31 
Cost of product, €/kg 2.14 2.27 1.80 
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Abstract 

This chapter presents an experimental investigation of the activity of supported and free 
glucose oxidase for use in various types of microreactors. Glucose oxidase was 
immobilized on a novel “smart” nanospring support. A highly porous support structure 
enables a high enzyme loading and a good contact between enzymes and substrate. Good 
enzyme binding was obtained; up to 91 % of the enzymes were immobilized. Due to the 
large surface area of nanosprings, the amount of immobilized enzymes per mass of support 
was much higher than for conventional supports - up to 1.8 genz/gsupport. This feature makes 
nanosprings particularly interesting for applications in microreactors, where the amount of 
enzymes immobilized per reactor volume can be considerably high. Following this idea, a 
tubular flow reactor with tight packing of nanospring disks was designed, which enabled an 
efficient oxidation of glucose to gluconic acid. An approximately 5 times higher conversion 
than with a batch system was obtained. Preliminary tests with free enzymes and cross-
linked aggregates of glucose oxidase showed that their total activity was similar to the 
activity of immobilized enzymes used in microreactors. This result emphasizes the 
importance of using the optimum enzyme form, which will depend on the final research 
goal. For a continuous, long term operation the effort invested in immobilization of 
enzymes is easily justified as these often expensive catalysts are stabilized and can be 
efficiently reused.  
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3.1.   Introduction 

3.1.1. Use of enzymes in microreactors 

Environmentally friendly, highly active and selective enzymatic conversions have attracted 
considerable attention recently. Enzymes find their application especially in the syntheses 
of pharmaceutical and other high value chemical products based on complex molecular 

structures that make them difficult to be produced by conventional chemical synthesis.1,2 
Enzymatic processes have economic and ecological benefits, such as high substrate 
selectivity, facilitated down-stream processing, better product qualities and energy savings, 
which finally lead to reduced carbon footprints. However, industrial application of enzymes 

in chemical processes is often hampered by the lack of long-term operational stability and 
difficult recovery and reuse of the enzymes. For a successful industrial application, the 
enzymes must be stable and fully functional under required conditions. The major physical 

stabilization is achieved by immobilizing the enzyme to a heterogeneous support. 
Immobilization allows continuous reuse of enzymes, increases their stability and simplifies 
biocatalyst recycling and downstream processing.3–5 
The application of immobilized enzymes under flow conditions in microreactors is seen as 

an effective method of process intensification, as microreactors combine the chemical 
specificity of enzymatic reactions with the excellent process control and productivity.6–8 
Moreover, intensified mass transfer obtained with microreactors, a high surface area to 

volume ratio and only a very small amount of (often very expensive) enzymes enable fast 
determination of conditions for optimal performance in terms of yield and productivity. On 
the other hand, immobilization can considerably decrease the catalytic activity as a result of 

the reduced conformational freedom, and increase the costs for the catalyst preparation.9,10 
A decision for or against a certain immobilization method can therefore be crucial for 
efficiency and applicability of a biocatalytic process. Recent progress in the design of 
materials with custom pore sizes and surface functionality has enabled more precise control 

of the immobilization process and the retention of catalytic activity and stability.11 In recent 
investigations, immobilized enzymes together with microfluidic devices have been applied 
in various hydrolysis and esterification reactions12, C-C bond formation13, condensations 

and additions, as well as polymerizations14 etc. Some enzyme-catalyzed reactions of 
biomolecules are collected in Table 3.1. 
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Table 3.1. Some reactions performed with enzymes immobilized in microreactors 

Reaction Enzyme used Achievements Ref. 
Optical resolution 
of D/L-
phenylalanine 
analogs 

α-Aminoacylase 
immobilized on a 
membrane formed from 
paraformaldehyde, 
glutaraldehyde and poly-
Lys. 

A highly enantioselective 
reaction for racemic amino 
acid derivatives. Integration 
of the enzymatic 
microreactor and the micro 
extractor for efficient 
continuous production of 
optically pure amino acids. 

[Honda et al.15] 

L-erythrulose 
synthesis 

Transketolase immobilized 
through His-tag protein. 

A rapid and parallel 
evaluation of enzyme 
libraries for synthetic 
biology applications and for 
the generation of kinetic 
models. Multiple 
immobilization-elution-
regeneration cycles. 

[Matosevic et al.16] 

Transglycosilation 
to produce β-
glycosylglycerol 

Cellobiose covalently 
immobilized on a layer of γ-
aluminum oxide. 

A fast characterization of 
full reaction time courses 
for a range of process 
conditions using only a 
minimum amount of 
enzyme. 

[Schwarz et al.17] 

Reduction of 
pyruvic acid to 
produce L-lactic 
acid 

L-lactic dehydrogenase 
immobilized on 
microchannel surface 
through Ni-NTA group 
formed by sol-gel 
technique. 

Simple reversible 
immobilization method on a 
microcapillary reactor 
leading to high conversion 
of pyruvic acid. 

[Miyazaki et al.18] 

Esterifications, 
transesterifications 

Various lipase forms 
adsorbed on mesoporous 
silica films or polyacrylic 
resin (Novozym 435). 

High enzyme stability and 
activity retention, reduced 
reaction time. Good yield of 
the transesterification 
products. 

[Wiles et al.19, 
Mugo et al.20] 
 

Production of L-
amino acids and 
their analogues 

L-aminoacylase covalently 
immobilized on a monolith 
surface formed inside the 
microreactor channels. 

High thermal and 
operational stability, 
allowing the use of small 
amounts of organic solvents 
and temperatures as high as 
50 ºC for bioconversions 
where substrate solubility 
could be a limitation. 

[Ngamson et al.21] 

Continuous 
hydrolysis of 
lactose 

β-glycosidase covalently 
bound to the surface 
activated on walls of the 
stainless steel microreactor. 

Conversion of 70 %, a 
space time yield 0.14 
kgglc/(m

3·s), and a half life 
of 15 days. A suitable tool 
for screening, reaction 
optimization and 
preparative synthesis on 
demand. 

[Thomsen et al.22] 
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Table 3.1. (continued) Some reactions performed with enzymes immobilized in microreactors 

Reaction Enzyme used Achievements Ref. 
Hydration of fumaric 
acid to L-malic acid 

Fumarase covalently 
bound to the inner 
surface of glass 
microchannels after 
silanization with 
APTES and cross 
linking with 
glutraldehyde. 

The immobilized 
enzyme retained 25 % 
of the activity of the 
free form, which the 
authors claimed to 
exceed previous 
reported data. 
Conversion up to 80 %. 

[Stojkovic et al.23] 

Sheldon reviewed methods for enzyme immobilization and divided them into three 
categories: (i) binding to a prefabricated support, (ii) entrapment in organic or inorganic 
polymer matrices and (iii) cross-linking of the enzyme molecules, as shown in Figure 3.1.10  

 
Figure 3.1. Methods for enzyme immobilization: (i) physical and chemical binding, respectively, (ii) 

entrapment, (iii) cross-linking 

Amongst these, the enzyme binding on a support is widely adopted in industry and 
especially covalent binding presents the strongest linkage to prevent enzyme leaching. 

Immobilization of enzymes in micro/milli reactors is typically achieved by (i) coating the 
enzymes on the surface-activated wall of the micro/milli reactors, (ii) packing micro/milli 
reactors with small beads functionalized with enzymes, or (iii) using an enzyme-embedded 
membrane within micro/milli reactors.1,7 Furthermore, the application of cross-linked 

enzyme aggregates, CLEAs, has a great potential.24 Their main advantage over free 
enzymes is the ability to be reused after being recovered from the product mixture. Unlike 
enzymes immobilized on a solid support, CLEAs are reported to retain most of their initial 

activity.25 
Porous wall coatings and microparticles for enzyme attachment are extensively developed, 
however, often with a very low accessible surface area and causing diffusion limitations.26 
A support that offers a very large, solvent-accessible surface area and a low resistance to 

fluid flow is the nanospring support, developed by GoNano Technologies Inc. 27 In this 
work the immobilization of glucose oxidase on a nanospring support has been studied, as 
well as the application of nanosprings as a highly efficient enzyme carrier in micro/milli 

reactors.  
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3.1.2. Glucose oxidase 

Glucose oxidase (GO) is one of the most frequently industrially applied enzymes, which 
makes it an ideal candidate for an exemplary study. GO is a stable enzyme that catalyzes 
the oxidation of glucose into glucolactone by simultaneously converting oxygen into 

hydrogen peroxide. The subsequent transformation of gluconolactone into gluconic acid 
occurs spontaneously, as shown in Scheme 2.2. Glucose oxidase is commonly used to 
monitor the glucose concentration in blood, therefore GO based microsensors have been 

widely investigated.28 Moreover, the use of immobilized GO for synthesis applications and 
their potential for industrial use has recently been investigated. Throughout the literature, 
several continuous processes for the conversion of glucose catalyzed by GO report the use 

of a packed bed, a fluidized-bed or a membrane reactor. For example, GO was adsorbed on 
DOWEX® anionic resins in a continuous process using a membrane reactor coupled with a 
microfiltration membrane.29 No enzyme leakage from the support was observed, a 
maximum yield of 90 % was achieved with the optimum operating conditions. Within 

microreactors GO has been immobilized by particle entrapment techniques or by cross-
linking on microchannel surfaces.30 
Glucose oxidase from Aspergillus niger used in this study is a dimer consisting of two 

equal subunits with a molecular mass of 80 kDa each. Each subunit contains one flavin 
adenine dinucleotide moiety and one iron. A covalent bond with the carrier can easily be 
achieved, since the enzyme contains 21 very conveniently located lysine residues on the 
"back" side of the molecule, opposite to the active site. Three cysteine residues are also 

present, of which one is buried in the interior so that only two are available for attachment, 
see Figure 3.2. 
 

          
Figure 3.2. Glucose oxidase from Aspergillus niger, surface representation. Red color represents the 

residues surrounding the active site, green – carbohydrate chains, blue – lysine residues, yellow – 
cysteine residues: a) front side, b) back side (by courtesy of GoNano Technologies). 

 

 
 



52                                                                                              Chapter 3. 
 

 
 

As already introduced, the application of immobilized GO in a microreactor is an 
exemplary study which has a purpose to prove the applicability of enzymatic microreactors 

in the production of substantial quantities of important (industrial) products, and to set the 
scene for the exploration of other, more complex, enzymes and reaction pathways. In this 
work we immobilized glucose oxidase on nanospring mats with two different 
immobilization agents and applied the enzymes in microreactors with various 

configurations in order to test the immobilization efficiency, the reaction kinetics and the 
productivity of the reactors. To explore a further concept for process design, a few 
preliminary syntheses of glucose oxidase CLEAs were performed and their activity was 

compared to that of free enzymes and enzymes immobilized on nanosprings. 

3.2. Experimental section 

Chemicals. Glucose oxidase (EC 1.1.3.4.) from Aspergilius niger was purchased from 
Sigma Aldrich (Zwijndrecht, NL) as a water soluble powder. Peroxidase from horseradish 
(EC 1.11.1.7), 3-mercaptopropyltrimethoxysilane (MPTMS), 3-glycidoxypropylmethyl-

diethoxysilane (GPTMS), 3-aminopropyltriethoxysilane (APTES), N-succinimidyl 3-(2-
pyridyldithio)propionate (SPDP), β-D-glucose and all other reagents were also obtained 
from Sigma Aldrich. All reagents were ACS grade and were used as received. A 0.1 M 
potassium phosphate buffer with a pH of 6.5 was used for the activity assays, while the 

syntheses of gluconic acid were performed in a 0.1 M phosphate-citrate buffer with pH 5. 
Nanosprings were a kind gift from GoNano Technologies Inc. (Moscow, Idaho, USA) as 
well as the flow microreactors used for their housing. The preparation of CLEAs was 

carried out at the Delft University of Technology, in the group of Biocatalysis and Organic 

Chemistry. 

	anospring support. Each nanospring consists of 5 – 8 silica nanowires approximately 5 
nm thick, which are spirally interconnected over each other, see Figure 3.3. They are 

attached to the SiO2 substrate by strong Si-O bonds.26 Apart from glass slides, stainless 
steel and other metal surfaces may also be used for the growth of nanosprings. Moreover, 
various forms of nanosprings (i.e. plate surfaces, disks, washcoatings) are possible which 
makes them to act as a smart enzyme support. Nanosprings provide a high surface area (> 

350 m2/g) with almost 100 % porosity (determined by BET measurements), high 
mechanical stability and permeability and a low resistance to fluid flow.31 They are 
advantageous for enzyme immobilization knowing that enzyme molecules are not buried 

deep in the support which eliminates the activity loss and reduces the resistance against 
mass transfer for reactants and products. Schilke et al. recently reported about the first use 
of nanosprings as a support for enzyme immobilization.26 These authors immobilized β-
galactosidase by disulfide linkages between thiolated nanosprings and the modified enzyme 

and tested them in a plate microreactor. 
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Figure 3.3. a) SEM image of a non-coated nanospring mat; b) TEM image of a nanospring wire 

Characterization. The enzyme activity was measured by monitoring the rate of formation 
of H2O2 with an UV/Vis spectrophotometer, (AvaSpec ULS2048L from Avantes, The 
Netherlands). The products of glucose oxidation were analyzed by HPLC (Shimadzu 

Prominence UFLCXR), which was equipped with refractive index and UV–Vis detectors 
and a 30 cm long BIO-RAD Aminex HPX-87H column. A constant flowrate of the eluent 
(ethanol) was 0.7 mL/min, with a cell temperature of 40 °C and an oven temperature of 65 

°C.  The UV detection wavelength was 210 nm. At this wavelength only gluconic acid 
absorbs UV light. The glucose amount is thus determined by subtracting the quantity of 
gluconic acid which is observed at 210 nm.  

3.2.1. Immobilization of glucose oxidase 

Nanosprings need to be functionalized before they can be attached to the enzyme 
covalently. The first functionalization step, the amination of Si-OH surfaces with APTES 

by chemical vapour deposition, was previously done at GoNano (for details see Schilke et 

al.26 and Taralp et al.32) Two different agents for nanospring functionalization have been 
used: (1) thiolation with 3-mercaptopropyltrimethoxysilane (MPTMS), or (2) epoxidation 

with 3-glycidoxypropylmethyldiethoxysilane (GPTMS). The two immobilization 
procedures are schematically shown in Figure 3.4. 

In the MPTMS method the enzyme immobilization on nanosprings consisted of three main 
steps: nanosprings functionalization with MPTMS to yield thiol groups, enzyme 
modification with N-Succinimidyl 3-(2-pyridyldithio)-propionate (SPDP) followed by 
purification, and coupling of modified enzymes to nanosprings via disulfide bonds, see 
Figure 3.4a. The nanospring mats were pre-wetted with 70% (v/v) ethanol and then 

immersed in concentrated hydrochloric acid (37%, w/w) overnight at room temperature to 
activate the amino groups on the surface of the nanosprings. Afterwards the mat was 
washed thoroughly with deionized water. In order to functionalize the nanosprings, a 5% 

(v/v) MPTMS solution in acetone was used. After incubating the nanosprings mat for 30 
min in this solution, it was thoroughly washed with water and buffer. A 10 mL enzyme 
solution (20 mg/mL) in phosphate buffer containing 0.15 M NaCl and 1 mM EDTA was 

1 μm 200 nm
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prepared and mixed with 0.5 mL 20 mM SPDP solution (in DMSO), followed by 
incubating at room temperature for 30 min. A desalting column (Zeba Spin Thermo 

Scientific, 6K MWCO) was equilibrated with the same phosphate buffer and 0.5 mL 
enzyme solution was applied to the column for purification. The fractions were collected 
from the column, and their activity was determined via activity assay. The fractions with 
the majority of active enzymes were collected for immobilization. The enzyme attachment 

was done either by incubation at room temperature overnight or by pumping through the 
reactor with a very low flow rate. After the immobilization the nanospring mats were 
incubated in 1% sodium dodecyl sulfate (SDS) solution in buffer for 2 hours in order to 

remove the non-bound enzymes and the supernatant was analyzed for enzyme (protein) 
concentration. The prepared mats were stored at 4 °C in a buffer solution. In another set of 
experiments, immobilization was done without the modification of enzymes, thereby 
directly using available thiol groups for enzyme attachment. 

 

Figure 3.4. Two methods for nanospring functionalization and subsequent enzyme immobilization: a) 
MPTMS method, b) GPTMS method 

The immobilization procedure with GPTMS method involves nanospring functionalization 

with GPTMS to yield epoxy groups followed by the direct coupling of the enzyme to the 
support via the amino and/or thiol groups that are present on the surface of the enzyme. 
(Figure 3.4b) The functionalization of the Nanosprings was carried out in 5 % (v/v) 
GPTMS in acetone at room temperature for 1 h followed by washing the mat thoroughly 

Silica nanosprings

Functionalization

Thiolated nanosprings

Enzyme Modified enzyme

Modification

Nanospring-immobilized 
enzyme

1) MPTMS method

2) GPTMS method
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with acetone and buffer solution. Then, a GO enzyme solution was prepared in the 
phosphate buffer and the nanospring mat was incubated in the enzyme solution at room 
temperature overnight or pumped through the reactor. After the immobilization, the 

nanospring mats were incubated in a 1 % SDS solution in the phosphate buffer and the 
supernatant was collected for protein assay. 

Enzyme and activity retention. The efficiency of immobilization was evaluated in terms 

of enzyme retention, Xer, and activity retention, Xar, which are defined as: 

0

100im
er

E
X (%)

E
= ×                  (1) 

0

100im
ar

SA
X (%)

SA
= ×                  (2) 

where Eim is the mass of the immobilized enzymes, E0 the initial mass of the enzymes, SAim 

the specific activity of the immobilized enzymes and SA0 the specific activity of the free 
enzymes expressed in Units/g enzyme. One unit is defined as the amount of enzyme that 
will oxidize 1.0 µmole of β-D-glucose to D-gluconolactone and H2O2 per minute. Eim is 

determined by the protein assay described below, and the specific activities, SAim and SA0 
by a standard activity assay. 

Protein assay. The protein concentration was measured using Bradford reagent. The 

procedure is based on the formation of a complex between a dye, Briliant Blue G, and 
proteins in solution.a The protein-dye complex has an absorption maximum at 595 nm 
wavelength. Thus, the intensity of the absorption is a measure for the amount of protein 
present. A calibration curve was constructed using bovine serum albumin (BSA) as 

standard. Protein concentrations were determined by mixing 1.5 mL of Bradford reagent 
with 50 µL of the sample and measuring the absorbance at 595 nm. The protein 
concentration of the enzyme-buffer solution was determined before as well as after the 

immobilization. This difference in the two protein concentrations was considered as the 
amount of enzyme present on the supports. 

Glucose oxidase activity assay. A continuous spectrophotometric rate determination 

method was used for the activity assay of GO before and after immobilization. GO activity 
was determined by measuring the amount of H2O2 formed in the presence of a reducing 
agent, 2,2’-azino-bis(3-ethylbenzthiazoline-6-sulfonic acid), ABTS, and horseradish 
peroxidase (HRP) as a catalyst: 

Glucose + O2 
GO

→   Gluconolactone + H2O2      

H2O2 + 2ABTS 
HRP

→  H2O + 2ABTS+ + 2e- 

                                                 
a Bradford reagent, product information by Sigma-Aldrich 
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The oxidized form of ABTS, ABTS+ has a bright green color and two absorption 
maximums, 415 nm and 725 nm. The extinction coefficient at 725 nm is ε = 1.9 ·104 M-1cm-

1. The enzyme activity was determined from the change of the absorbance over time: 

//
( )

[( / ) ( / ) ]
( )

enz
enz

test blank

enz

A
V V df

c V V dfU ISA
ml t t

A t A t VdfU
SA

ml V I

ε

ε

⋅⋅
= =

∆ − ∆
=

                          

where SA denotes a specific activity, A is the absorbance and df a dilution factor.  

For determining the activity of the free enzymes, a 35 mM ABTS solution in deionized 

water was prepared as well as HRP solution of approximately 25 U/mL and GO solution of 

5 U/mL. The concentration of glucose in the stock solution was 1.0 M. A total solution 

volume of 2.0 mL was placed into a glass cuvette with 1 cm optical path length (1.2 mL of 

buffer solution and 0.2 mL of all other reagents each). A blank test was performed first to 

measure the absorbance in the absence of enzymes. Immediately after mixing the reagents 

an increase in absorbance was recorded for 5 minutes and ∆A/∆t was obtained using the 

maximum linear rate for both the test and blank solution.  

Similarly, the apparent activity of GO on nanosprings was determined by adding the 

reagent cocktail to the mat placed in a glass Petri dish and taking out samples 

approximately every minute to measure the absorbance at 725 nm. 

Preparation of cross linked enzyme aggregates. With the help of the Biocatalysis and 

Organic Chemistry group of Prof. Isabel Arends from the Delft University of Technology, 

we synthesized cross linked enzyme aggregates of glucose oxidase. The CLEAs were 

prepared according to the procedure described by Perez et al.33 Both chloroperoxidase and 

glucose oxidase (GO) were prepared before with the same procedure. However, this 

procedure was optimized only for chloroperoxidase.  

As a first trial, GO was dissolved in 0.1 M phosphate buffer pH 6.4, in a 2 mL Eppendorf 

tube. The mixture was stirred for 20 min in an orbital shaker. Albumin solution, a 

precipitation agent (1,2 – dimethoxyethane) and a cross-linking agent (25 % 

glutaraldehyde) were added subsequently and the mixture was stirred for 20, 30 and 120 

min, respectively after each addition. In order to make the covalent bond irreversible 100 
mM sodium borohydride cyanide, NaBH3CN, solution was added. After stirring for 1 h the 

cross-linked aggregates appeared. They were further centrifuged for 15 min in a 13000 rpm 

centrifuge. After removing the supernatant solution the CLEAs were washed 3 times with 

buffer (washed and then stirred for 2 min). All solutions were kept for determining the 

efficiency of cross linking. CLEAs were stored in a phosphate buffer at 4 °C overnight. The 

procedure was repeated using different amounts of enzyme and precipitation/cross-linking 

agent.  

(3) 

(4) 
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3.2.2. Enzymatic microreactor design 

To evaluate the performance of the immobilized enzyme in a continuous flow reaction, two 

concepts of microreactors were tested: a single porous plate flow reactor (PFR), in a way 

being similar to the channel flow reactor, and a stacked multi-porous tube flow reactor 

(TFR), which has a packed bed reactor concept. In the PFR (Figure 3.5a), a glass mat 

coated with nanosprings is assembled between two steel plates tightened by a PTFE gasket 

to prevent leakage. The dimensions of the glass substrate are 7.5×2.5 cm2, on which 

nanosprings matrices of different thicknesses were grown, i.e. 60 µm, 80 µm and 100 µm, 

corresponding to approximately 11, 14 and 18 mg of nanosprings. The total free volume of 

the reactor was 42 µL. 

The tube flow reactor was an upgraded version of the PFR, providing a higher amount of 

nanosprings loaded on the mat. With approximately 220 single stainless steel disks, each 

coated with 0.4 - 0.5 mg of nanosprings, 88 - 110 mg of nanosprings were present enabling 
higher enzyme loading compared to the PFR (see Figgure 3.4b). This simple reactor design 

also facilitates scaling up and makes the TFR suitable for more demanding applications. 

A MikroSyn setup (Mikroglas, Chemtech GmbH, Mainz) featuring a herringbone milli 

mixer reactor has been used for the experiments with free (non-immobilized) glucose 

oxidase.b The system consisted of a rotary piston pump, a 300 mm long milli channel 

(H×W = 1×1.2 mm2) with two inlets, manual valves, pressure and temperature sensors. An 

additional mass flow controller and a pressure control valve have been added to run the 

gas/liquid reaction. The reactor scheme is shown in Figure 3.5c. 

 
Figure 3.5. Microreactors used in this study: (a) Single porous plate flow reactor (PFR), (b) Stacked 
multi porous tube flow reactor (TFR), (c) Millichannel reactor for non-immobilized glucose oxidase 

In a representative experiment with immobilized enzymes, a 5 mM stock solution of 

glucose in a phosphate-citrate (PC) buffer was made. The liquid was loaded into a 10 mL 

syringe and attached to the syringe pump (Chemyx Inc., Model Fusion 200). The liquid 

flow rate was varied between 0.1 and 0.5 mL/min. Oxygen was supplied from the external 

                                                 
b Description available at www.mikroglas.de/modules/mod_medien/files/m234.pdf  

Top plate

PTFE gasket

Nanosprings mat

Bottom plate

Nanospring disks(a) (b)
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oxygen source, and an oxygen flow rate of 0.2-1 mL/min was maintained by a mass flow 

controller (Bronkhorst F201CV-020). Reactants were premixed with a T-mixer after which 

a PTFE tube led to the reactor. All reactions were performed at room temperature. The 

outlet of the reactor was connected to a PTFE tube, from which samples were collected for 

analyses. Between each two runs the microreactor was flushed with 10 mL of PC buffer to 

ensure that there is no substrate or product left. When a reaction with free enzymes was 

performed, the product mixture containing the dissolved enzymes was quenched with ice in 

order to stop the further activity of enzymes. The set up is schematically shown in Figure 

3.6. 

 
Figure 3.6. Continuous flow gas-liquid microreactor set up 

3.3. Results and discussion 

Determining free GO activity. GO (E.C. 1.1.3.4.) from Aspergillus niger was purchased 

in free, soluble form and stored at -20 °C. The supplier indicated a maximum activity of 

4330 U/g at 25 °C. As the activity may decrease during storage, an additional activity test 
has been performed before starting the experiments with the immobilized enzymes. Free 

enzyme activity increased with temperature, although it was approximately 30 % lower 

than the activity indicated by the supplier, see Figure 3.7. Since all other experiments were 

performed at room temperature (20 ⁰C) an initial activity of 1758 U/g has been used in 

further calculations. According to the product specification, traces of catalase were also 

present in the enzyme, which ensures that no deactivation due to H2O2 inhibition occurs.34
 

 

Figure 3.7. Influence of the temperature on free glucose oxidase activity (activity of the enzyme 

indicated by the supplier at 25 ⁰C: 4330 U/g 
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Maximum enzyme loading. The glucose oxidase molecule has dimensions of 6×5.2×7.7 

nm3.35 Since the specific surface area of nanosprings is 300 m2/g, for a 60 µm thick mat 

with 11.6 mg of nanosprings, the total surface area is 3.48 m2. The surface area that one 

molecule of GO occupies is approximately:        

22
174.67 10

4

m

molecule

deq
As π −= = ⋅                     (5) 

with 
6 1/3

( )d Veq
π

=                                              (6) 

Knowing that the molecular weight of GO is 160 kDa, the maximum loading of enzymes is 

then: 

/
19.9�S S

Av

A A
m MW

�
= ⋅ =  mg/NS                  (7) 

Expressed per mass of nanospring, the maximum loading on nanospring mats is 1.71 

genz/gsupport. 

Glucose oxidase immobilization on nanosprings. Three different approaches for glucose 

oxidase immobilization on nanosprings have been investigated: 

1. The MPTMS method without enzyme modification 

2. The MPTMS method with enzyme modification 

3. The GPTMS method  

The effect of the mass of the nanosprings and the enzyme input amount on the 

immobilization performance in terms of enzyme and activity retention are summarized in 

Table 3.2. 

Table 3.2. The efficiency of glucose oxidase immobilization on nanospring support 

Entry 

 

Method NS thickness 

(µm)  & 

mass (mg) 

Enzyme 

input 

(mg) 

Enzyme 

retention 

(%) 

Immob. 

enzyme 

(mgenz/g ) 

Activity 

retention 

(%), eq. 2 

Activity/ 

support 

(U/g) 
1  1 60  (11.6) 10 66.0 570 1.5  14 
2  2 60 (10.7) 10 71.0 664 10.0    117 
3  2 100 (17.5) 20 91.5  1046 10.6 195 
4  2 100 (18.0) 50 14.0 389 16.0  109 
5  3 60 (11.5) 10 80.5 696 9.3    114 
6  3 - (~100)a)  202 90.6  1830 N/Ab) N/Ab) 

a) Here, the TFR reactor featuring nanospring disks was used 

b) The amount of active enzymes was related to the amount of gluconic acid formed  
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From the values presented in Table 3.2 the following conclusions can be made:  

1) Good binding of enzymes has been achieved with all immobilization methods. Up to 

1.05 genz/gsupport has been immobilized on nanospring mats, what is much higher than 

what is reported for other supports (approximately 0.1 genz/gsupport). Note, for example, 

that approximately a 30 times lower enzyme loading of Threonine Aldolase enzyme 

on a commercial Eupergit support was achieved.36  

2) In the MPTMS method when no modification of enzymes has been performed (i.e. the 

connection has to occur through the available cysteine residues) slightly lower enzyme 

retention as well as much lower activity retention have been observed. This is due to 

the low number of cysteine residues (only 2 available) and their inconvenient position 

close to the active site which suppresses the formation of the enzyme-substrate 

complex. 

3) A maximum loading of GO of 1.71 genz/gsupport has been calculated. However, when a 

large enzyme amount is introduced, the support becomes crowded and its active 

groups become inaccessible for the attachment. Therefore, the introduction of an 

adequate amount of enzymes is of high importance in order to avoid wasting the 

enzymes. The optimum amount to be introduced would depend on the enzyme size 

and structure.  

4) GPTMS enables a more efficient attachment of enzymes on nanosprings. This may be 

due to more free groups available on the nanospring surface (note that the thiol groups 
on the surface of enzymes can also be attached to the functionalized epoxy groups on 

the nanosprings). However, similar activity retention was obtained for both the 

GPTMS and the MPTMS method. This is attributed to the similar spacer length 

between the enzyme and the nanosprings. The GPTMS method is preferred because of 

the ease of operation and the lower preparation costs as it does not require enzyme 

modification. Also the nanosprings functionalization is simpler. However, with the 

GPTMS method the removal of denaturated enzymes is not possible, while in case of 

the MPTMS method the immobilized enzymes can be released by the reduction of the 

disulfide bonds with dithiothreitol (DTT) to regenerate the support for attachment of 

fresh enzyme, as proposed by Schilke et al.26 The application of the expensive 

nanosprings materials functionalized with GPTMS would thus be limited. A more 

detailed study of the enzyme preparation and application cost is required in order to 

derive the most economic immobilization method. This study is presented in Chapter 

5 of this thesis. 

5) A much higher amount of enzyme was attached when nanosprings were packed as 

disks in the tube flow reactor (TFR, see Figure 3.5). This is partly associated with 

their higher surface area. More important, the distribution of flow of the enzyme 

solution is more controlled than in a plate reactor, which provides a better contact with 

the whole volume of nanosprings. 
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Leaching of immobilized enzymes has been monitored for several days. The highest 

amount of enzyme leached from the 100 µm thick mat when 50 mg of enzyme was 

introduced (entry 4 in Table 3.2). Even though only 7.4 g of enzymes were immobilized, 

they formed a weak connection with the support and 25 % of enzymes leached after 15 

days. This can be explained by a too high enzyme loading, causing the mat to be 

overcrowded which prevents a stable and strong covalent bonding. Much less enzymes 

leached from other nanospring mats, as shown in Figure 3.8. 

 
Figure 3.8. A fraction of enzyme leached during several days (x is the cumulative enzyme fraction): 

(□) nanospring disks, (●) 60 µm thick nanospring mat (entry 2 from Table 3.2), (○) 100 µm thick mat 
(entry 4 from Table 3.2) 

Application of nanosprings in enzymatic microreactors and comparison with batch 

experiments with immobilized GO. Several batch experiments have been performed after 

the immobilization to monitor the conversion of glucose over time and the synthesis of 

gluconic acid. Generally very low yields of gluconic acid have been observed with batch 

tests. When the same glucose stock solution was pumped through the tube microreactor 

with a flow rate as low as 0.1 mL/min, a much higher yield has been achieved. This is 

primarily due to the much higher amount of active enzymes in the tube microreactor. 

Representative experiments for the batch and the tube flow reactor are shown in Figure 3.9. 

A similar process intensification for o-NPG (o-nitrophenyl β-D-galactosylpyranoside) 

conversion when using a plate (PFR) microreactor has been reported by Schilke et al.26 The 

same amount of enzymes was present in the two reactors studied. The authors attributed the 

conversion increase to the long residence times applied and the high enzyme concentrations 

per unit of reactor volume. In this case the amount of enzyme is much higher in the tubular 

flow reactor. It is also assumed that the contact between the enzymes and the substrate 

molecules has been enhanced due to the short diffusion pathways in the PFR. 
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Figure 3.9. Gluconic acid synthesis: tubular flow reactor, enzyme loading 183 mg, (□) cglc = 5 mM, 
(∆) cglc = 10mM, (Ο) cglc =20 mM; (■) a representative batch test, enzyme loading 6.6 mg, cglc = 5.5 

mM 

Effect of substrate concentration. The reaction rate of most enzymatic reactions depends 

on the initial substrate concentration according to the Michaelis-Menten kinetics. Very 

often the influence of substrate and product inhibition on the reaction rate is examined. For 

glucose concentrations, cs, higher than 250 g/L (1.4 mol/L) Miron et al. found that substrate 

inhibition plays a role; Michaelis-Menten parameters of Km=3.52 g/L and rmax=9.003 

mmol/(L·min) were found for the best fit with the experimental results.37 Odebunmi38 and 

Tomotani39 investigated conversion with low substrate concentrations, and observed no 

inhibition effects. Km = 29 mmol/L (5.2 g/L) and rmax =75 mmol/(L·min) were found for cs 

= 2-25 mmol/L.39 However, from an economic point of view, a higher glucose 

concentration is desired, as shown in Chapter 2 of this thesis. 

In these experiments the glucose concentration was varied from 2.5 to 25 mmol/L. 

Influence of the glucose concentration to the initial reaction rate and linearization to a 

Lineweaver–Burk plot is shown in Figure 3.10. Km = 12.5 mmol/L (2.25 g/L) and rmax = 

18·10-3 mmol/L/s have been calculated, which is of the same order of magnitude as reported 

in literature. 

 

Figure 3.10. a) Effect of substrate concentration on the initial reaction rate b) Lineweaver-Burk plot 
of the experimental data, R2=0.991   
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Activity of free glucose oxidase and glucose oxidase CLEAs. The effectiveness of cross-

linking and the activity retention of CLEAs were tested for the two enzyme preparations 

which varied in the amount of enzyme introduced and the amount of cross-linking agent, 

see Table 3.3. 

Table 3.3. Two glucose oxidase CLEAs preparations 

 Preparation 1 Preparation 2 

Enzyme introduced, mg 2.5 17.3 

Glutaraldehyde, µL 85 5 

Enzyme retention in CLEAs, % 65 95 

Activity retention, % 15 10 

 

The immobilization efficiency (both enzyme retention and activity retention) of the 

prepared samples was similar to those previously obtained with nanosprings. However, the 
activity retention for CLEAs was expected to be higher. This low activity retention may be 

due to the enzyme deactivation during storage caused by the use of an inadequate storage 

buffer and, more important, due to the structural changes during cross-linking. It is 

important to note that an optimal procedure for the synthesis of glucose oxidase CLEAs 

was not aimed at; the two preparation trials were thought to be sufficient to give an 

indication of the most adequate enzyme form to be used in enzymatic microreactors. 

In case of free enzymes specific enzyme activity was measured through the amount of 

gluconic acid formed in the microchannel reactor and for different ce/cs ratios as shown in 

Figure 3.11. As confirmed in previous works (see Beltrame et al.40) lower ce/cs ratio was 
preferred, although at very low concentrations efficient catalysis did not occur. A maximum 

specific activity was observed with the ce/cs ratio of 0.08.  

 

Figure 3.11. Specific enzyme activity obtained as average of two duplicate experiments for various 

enzyme-to-substrate ratios, cs = 1.3 g/L: free glucose oxidase 
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Performance of enzymatic microreactors. Much higher enzyme-to-substrate ratios were 

possible with immobilized enzymes than with free enzymes in solution. This is expected to 

enable higher total activity of enzymes and consequently higher reactor productivity than 

with free GO. However, due to the activity loss during immobilization, the calculated 

productivities are similar for all three studied enzyme-reactor systems. For example, the 

amount of gluconic acid produced in the microchannel reactor with free enzymes was 4 

mg/h, the same as with immobilized enzymes in the tubular flow reactor – based on the 

conversion results presented in Figure 3.9.c It has to be noted that this comparison is not 

completely straightforward as the possibility of enzyme reuse needs to be considered as 

well. In that way, if reused for a sufficient number of times, the productivity per unit of 

mass of enzymes can be much higher for all reactors using immobilized enzymes. This is 

especially important if expensive enzymes and complex chemical transformations are 

considered. CLEAs can also be easily recovered by centrifugation or filtration and reused, 

while this is not the case for free enzymes. Generally, a decision about the enzyme form to 

be used depends on the research goal. When expensive and/or not widely available 

enzymes are being used, enzyme immobilization under the best immobilization conditions 

is a necessity in order to eliminate the enzyme separation stage and prevent the undesired 

loss of enzymes.  However, a successful biocatalytic system with industrial potential is not 

only stable and active, but also a low cost system which can withstand a repeated use.  

Apart from optimizing the immobilization procedure, several other issues need to be 

addressed before using enzymatic microreactors for organic syntheses, such as ensuring 

long operational times, i.e. good enzyme stability, eliminating leaching and suppressing the 

enzyme deactivation, as well as considering reactor scaling up in order to give a significant 

product output.  The first such study focused on enzyme immobilization has been presented 

here. Our target was further extended to studying different enzyme and reactor types, as 

well as the corresponding costs. These studies are presented in the following two chapters 

of this thesis. 

3.4. Conclusions and outlook 

Glucose oxidase has been covalently immobilized on a novel silica based nanospring 

support showing a very good enzyme binding, especially when available lysine groups of 

the enzymes were used for the coupling. Due to the very high surface area of nanosprings, 

up to 1.8 genz/gsupport was immobilized. This is an order of magnitude higher enzyme loading 

than with other commercial supports. Enzyme leaching was generally not significant. Only 

if a too high enzyme amount was introduced an efficient binding could not occur. The 

application of immobilized enzymes in the tubular flow reactor showed that a much higher 

                                                 
c Reactor productivity has been calculated based on the maximum measured conversion and the total 
flow rate, not considering the reaction kinetics and enzyme deactivation: 0glc vP c x MW F= ⋅ ⋅  
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reaction rate can be achieved in a flow reactor than in a batch system. This is attributed to 

the high enzyme concentrations per unit volume of the reaction mixture. It has been found 

that the reaction obeys Michaelis-Menten kinetics, with constants Km = 12.5 mM and rmax = 

18·10-3 mmol/(L·s). Naturally, nanosprings can be used as an enzyme support in a batch 

system as well. The advantage of incorporating them in a flow reactor is simply from the 

catalyst efficiency point of view. 

In order to compare the activity and performance of various enzyme forms, free enzymes 

and CLEAs were tested. The total mass of active enzymes, and therefore the productivity, 

was very similar of the three studied enzyme-reactor systems. This result emphasizes the 

importance of using the most optimum enzyme form which will depend on the final 

research goal. The non-supported enzymes may be easier to use for simple reactant-enzyme 

systems and short-term reaction studies. If expensive and not widely available enzymes are 

used, and especially when a long term operation is desired, the effort taken in the 

immobilization of enzymes is worthwhile.  
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	omenclature 

A  absorbance (-) 
As   surface area of one enzyme molecule (m2) 
ABTS  2,2’-azino-bis(3-ethylbenzthiazoline-6-sulfonic acid 
APTES               3-aminopropyltriethoxysilane 
c   concentration (mol/L) 
CLEA   cross-linked enzyme aggregates 
deq  equivalent diameter (m3) 
df  dilution factor (-) 
E  mass of enzyme (kg) 
Fv  flow rate (mL/min) 
GO   glucose oxidase 
GPTMS          3-glycidoxypropylmethyldiethoxysilane 
HRP   hydrogen peroxidase 
I   path length (cm) 
Km  Michaelis-Menten constant (mmol/L) 
MPTMS               3-mercaptopropyltrimethoxysilane  
MW   molecular weight (g/mol) 
NAv   Avogadro’s number 
NS   nanospring 
P  productivity (g/h) 
PC   phosphate-citrate buffer 
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rmax  maximum reaction rate (mmol/(L·s)) 
S   substrate 
SA   specific activity (U/g) 
SDS  sodium dodecyl sulphate 
SPDP  N-succinimidyl 3-(2-pyridyldithio)propionate 
t  time (s) 
U   unit (1 U = 1 µmol/min) 
V  volume (m3) 
x  conversion (-) 
ε   extinction coefficient (L/(mmol·cm)) 
Subscripts 
e  enzyme 
s  substrate 

References 

(1)  Asanomi, Y.; Yamaguchi, H.; Miyazaki, M.; Maeda, H. Enzyme-immobilized 
microfluidic process reactors. Molecules 2011, 16, 6041–59. 

(2)  Schmid, A.; Hollmann, F.; Park, J. B.; Bühler, B. The use of enzymes in the 
chemical industry in Europe. Curr. Opin. Biotechnol. 2002, 13, 359–366. 

(3)  Mateo, C.; Palomo, J. M.; Fernandez-Lorente, G.; Guisan, J. M.; Fernandez-
Lafuente, R. Improvement of enzyme activity, stability and selectivity via 
immobilization technoques. Enzym. Microb. Technol. 2007, 40, 1451–1463. 

(4)  Cao, L. Carrier-bound Immobilized Enzymes-Principles Applications and Design; 
Wiley-VCH Verlag GmbH & Co. KGaA: Weinheim, Germany, 2005. 

(5)  Liese, A.; Hilterhaus, L. Evaluation of immobilized enzymes for industrial 
applications. Chem. Soc. Rev. 2013, 42, 6236–49. 

(6)  Urban, P. L.; Goodall, D. M.; Bruce, N. C. Enzymatic microreactors in chemical 
analysis and kinetic studies. Biotech. Adv. 2006, 24, 42–57. 

(7)  Marques, M. P. C.; Fernandes, P. Microfluidic devices: useful tools for bioprocess 
intensification. Molecules 2011, 16, 8368–401. 

(8)  Bolivar, J. M.; Wiesbauer, J.; Nidetzky, B. Biotransformations in microstructured 
reactors: more than flowing with the stream? Trends Biotechnol. 2011, 29, 333–42. 

(9)  Tufvesson, P.; Törnvall, U.; Carvalho, J.; Karlsson, A. J.; Hatti-Kaul, R. Towards a 
cost-effective immobilized lipase for the synthesis of specialty chemicals. J. Mol. 

Catal. B Enzym. 2011, 68, 200–205. 

(10)  Sheldon, R. A. Enzyme Immobilization: The Quest for Optimum Performance. 
Adv. Synth. Catal. 2007, 349, 1289–1307. 

(11)  Hanefeld, U.; Gardossi, L.; Magner, E. Understanding enzyme immobilisation. 
Chem. Soc. Rev. 2009, 453–468. 

(12)  Matsuura, S.; Ishii, R.; Itoh, T.; Hamakawa, S.; Tsunoda, T.; Hanaoka, T.; 
Mizukami, F. Immobilization of enzyme-encapsulated nanoporous material in a 
microreactor and reaction analysis. Chem. Eng. J. 2011, 167, 744–749. 



Glucose oxidase immobilization                                                                                           67  

 
 

(13)  Drager, G.; Kiss, C.; Kunz, U.; Kirschning, A. Enzyme-purification and catalytic 
transformations in a microstructured PASSflow reactor using a new tyrosine-based 
Ni-NTA linker system attached to a polyvinylpyrrolidinone-based matrix. Org. 

Biomol. Chem. 2007, 5, 3657–3664. 

(14)  Kundu, S.; Bhangale, A.; Wallace, W. E.; Flynn, K. M. et al. Continuous flow 
enzyme-catalyzed polymerization in a microreactor. J. Am. Chem. Soc. 2011, 133, 
6006–11. 

(15)  Honda, T.; Miyazaki, M.; Yamaguchi, Y.; Nakamura, H. et al. Integrated 
microreaction system for optical resolution of racemic amino acids. Lab Chip 2007, 
7, 366. 

(16)  Matosevic, S.; Lye, G. J.; Baganz, F. Design and Characterization of a Prototype 
Enzyme Microreactor: Quantification of Immobilized Transketolase Kinetics. 
Biotechnol. Prog. 2010, 26, 118–126. 

(17)  Schwarz, A.; Thomsen, M. S.; Nidetzky, B. Enzymatic synthesis of β-
glucosylglycerol using a continuous-flow microreactor containing thermostable β-
glycoside hydrolase CelB immobilized on coated microchannel walls. Biotechnol. 

Bioeng 2009, 103, 865–872. 

(18)  Miyazaki, M., Kaneno, J.; Yamaori, S., Honda, T. et al. Efficient immobilization of 
enzymes on microchannel surface through His-tag and application for microreactor. 
Protein Pept. Lett 2005, 12, 207–210. 

(19)  Wiles, C.; Hammond, M. J.; Watts, P. The development and evaluation of a 
continuous flow process for the lipase-mediated oxidation of alkenes. Beilstein J. 

Org. Chem. 2009, 5, 27–39. 

(20)  Mugo, S.; Aytion, K. Lipase immobilized microstructured fiber based flow-through 
microreactor for facile lipid transformations. J. Mol. Cat. B Enzym. 2010, 67, 202–
207. 

(21)  Ngamsom, B.; Hickey, A. M.; Greenway, G. .; Littlechild, J. A. et al. Development 
of a high throughput screening tool for biotransformations utilizing a thermophilic 
L-aminoacylase enzyme. J. Mol. Catal. B Enzym 2010, 63, 81–86. 

(22)  Thomsen, M. S.; Nidetzky, B. Coated-wall microreactor for continuous biocatalytic 
transformations using immobilized enzymes. Biotechnol. J. 2009, 4, 98–107. 

(23)  Stojkovic, G.; Plazl, I.; Znidarsic-Plazl, P. L-Malic acid production within a 
microreactor with surface immobilised fumarase. Microfluid. �anofluid. 2011, 10. 

(24)  Fernandes, P. Miniaturization in biocatalysis. Int. J. Mol. Sci. 2010, 11, 858–79. 

(25)  Schoevaart, R.; Wolbers, M. W.; Golubovic, M.; Ottens, M. et al. Preparation, 
optimization, and structures of cross-linked enzyme aggregates (CLEAs). 
Biotechnol. Bioeng. 2004, 87, 754–62. 

(26)  Schilke, K. F.; Wilson, K. L.; Cantrell, T.; Corti, G.; McIlroy, D. N.; Kelly, C. A 
novel enzymatic microreactor with Aspergillus oryzae β-galactosidase immobilized 
on silicon dioxide nanosprings. Biotechnol. Prog. 2010, 26, 1597–605. 



68                                                                                              Chapter 3. 
 

 
 

(27)  Norton, G.; Lalonde, A.; McIlroy, D.; Aston, E.; Berven, C. Method for 
manufacture and coating of nanostructured components, patent number WO 
2007/002369 A2 2007. 

(28)  Davidsson, R.; Genin, F.; Bengtsson, M.; Laurell, T.; J., E. Microfluidic biosensing 
systems Part I. Development and optimisation of enzymatic chemiluminescent m-
biosensors based on silicon microchips. Lab Chip 2004, 4, 481–487. 

(29)  Tomotani, E. J.; Vitolo, M. Immobilized glucose oxidase as a catalyst to the 
conversion of glucose into gluconic acid using a membrane reactor. Enzyme 

Microb. Technol. 2007, 40, 1020–1025. 

(30)  Miyazaki, M.; Honda, T.; Yamaguchi, H.; Briones, M. P. P.; Maeda, H. Enzymatic 
processing in microfluidic reactors. Biotechnol. Genet. Eng. Rev. 2008, 25, 405–28. 

(31)  Cantrell, T.; Corti, G.; Hyatt, D.; McIlroy, D.; Norton, M. G.; Prakash, T.; Yahvah, 
M. NanospringsTM: A Versatile Nanomaterial Platform. Strem Chem. 2011, XXV, 
27–38. 

(32)  Taralp, A.; Demirgoz, D.; Vakos, H. T.; Urbina, G. A.; Voelter, W. Surface 
modification of porous silicon dioxides achieved using conventional solution-phase 
reagents under solvent-free conditions. Polym. Prep. 2003, 44, 1228–1229. 

(33)  Perez, D. I.; Rantwijk, F. van; Sheldon, R. A. Cross-linked enzyme aggregates of 
chloroperoxidase: synthesis, optimization and characterization. Adv. Synth. Catal. 
2009, 351, 2133–2139. 

(34)  Chelikani, P.; Fita, I.; Loewen, P. Diversity of structures and properties among 
catalases. Cell. Mol. Life Sci. 2004, 61, 192–208. 

(35)  Hecht, H. J.; Kalisz, H. M.; Hendle, J.; Schnid, R. D.; Schomburg, D. Crystal 
structure of glucose oxidase from Aspergillus niger refined at 2.3 A resolution. J. 

Mol. Biol. 1993, 229, 153–172. 

(36)  Fu, H. Dencic, I.; Tibhe, J., Pedraza, C. A. et al. Threonine aldolase immobilization 
on different supports for engineering of productive, cost- efficient enzymatic 
microreactors. Chem. Eng. J. 2012, 207-208, 564–576. 

(37)  Mirón, J.; González, M. P.; Vázquez, J. A.; Pastrana, L.; Murado, M. A. A 
mathematical model for glucose oxidase kinetics, including inhibitory, deactivant 
and diffusional effects, and their interactions. Enzyme Microb. Technol. 2004, 34, 
513–522. 

(38)  Odebunmi, O. E.; Owalude, S. O. Kinetic and thermodynamic studies of glucose 
oxidase catalysed oxidation reaction of glucose. J. Appl. Sci. Environ.Manage. 
2007, 11, 95–100. 

(39)  Tomotani, E. J.; das Neves, L. C. M.; Vitolo, M. Oxidation of glucose to gluconic 
acid by glucose oxidase in a membrane bioreactor. Appl. Biochem. Biotechnol. 
2005, 121-124, 149–62. 

(40)  Beltrame, P.; Comotti, M.; Pina, C.; Rossi, M. Aerobic oxidation of glucose I. 
Enzymatic catalysis. J. Catal. 2004, 228, 282–287.  

 



 

 
 

Chapter 4 

Lipase based biocatalytic flow process in a packed bed microreactor 

 

This chapter is based on:  

I.Denčić, S. de Vaan, T. �oël, J. Meuldijk, M.H.J.M. de Croon, V. Hessel, Lipase based 

biocatalytic flow process in a packed bed microreactor, Ind. Eng. Chem. Res. 2013, 52(32), 

10951–10960 

 

 

 

 

 

 

 

Abstract  

The transesterification of ethyl butyrate with 1-butanol to give butyl butyrate catalyzed by 
Novozym 435 was performed in a batch slurry reactor and in a packed bed microreactor. 
The observed reaction rate is strongly influenced by external and intra-particle transport 
limitations. However, the packed bed microreactor allows for higher specific enzyme 
loading and shorter diffusion pathway than the batch reactor, therewith enabling higher 
overall conversion and higher reaction rate per unit of catalyst volume. Novozym 435 
showed to be stable up to 80 °C in the packed bed microreactor, with low reactant molar 
ratio (ethyl butyrate : 1-butanol) being desirable to achieve higher conversions. Total 
conversion was achieved in approximately 4 minutes residence time giving 0.04 mol/L of 
product, while in batch more than 30 min were needed for maximum conversion of 87 %. 
Continuous 12 h operation at 70 °C was performed without noticeable deactivation of the 
enzymes. Moreover, the same packing was reused for several days without indicating any 
activity loss. To the best of our knowledge, this is the first engineering study on enzymatic 
microreactors which gives a complete kinetic description, clear-cut benchmarking to a 
batch process, study on enzyme stability, and an outline on enzymatic microreactor 
production performance. 
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4.1. Introduction 

Implementation of biocatalysis into the industrial production of bulk and fine chemicals is a 

rapidly growing area of interest in process technology.1,2 Compared to chemical catalytic 

synthesis, biocatalysis has several advantages, such as mild reaction conditions (pH and 

temperature), purer products, high chemo-, regio- and enantioselectivity, use of 

environmentally acceptable solvents, avoiding the use of toxic metal catalysts, and low 

energy consumption due to less separation efforts.3–5 While an increasing number of 

enzymatic transformations is being efficiently performed on manufacturing scale,5 the 

integration of chemistry and engineering steps in order to make the most use of the 

available technology has not received its full attention yet. Chemical catalytic routes are 

still preferred due to the ease of implementation and the well known catalyst behavior 

during operation. To overcome this, a novel approach in process technology is needed that 

will improve the efficiency of the conversion processes. In the past decade, various 

classifications and methods for process intensification have been proposed.6–8 Among 

others the use of microreactors is seen as an effective mean to intensify a process and 

therewith to allow for novel operating windows and novel, so far unattainable chemistries.9–

11 Moreover, the combined use of enzyme based catalysts with flow conditions is 

recognized as the most prioritized combination of key green engineering areas recently 

proposed for fine chemicals production.12 

The design of microstructured biocatalytic reactors is very often directed by cost issues, in a 
sense that repeated use of applied enzymes must be possible in order to satisfy the process 

economy,13,14 as well as that the reactor design must be such to ensure productivity in the 

commercial range. Enzyme immobilization is seen as an opportunity to develop cost-

effective production of complex chemical products.15,16 Enzymes in immobilized form can 

be easily separated from the product, thereby eliminating product contamination and 

simplifying the downstream operations. Immobilization also enables efficient reuse of 

costly enzymes and enhances their stability under operating conditions, which is from a 

cost view a key issue for the application in industry.3,13 Therefore, enzyme immobilization 

appears to be the first step to lead to a cost-efficient enzymatic process at the same time 

enabling proper production rates per unit volume of the active phase. 

Some recent papers on enzymatic microreactors report on the enhanced reaction rate 

compared to that of the batch process2, increased production rates compared to the batch 

system due to the efficient reaction–diffusion dynamics in the microchannels,17 high 

conversions and selectivities achieved with relatively small ratios of the catalyst volume to 

the volumetric flow rate of the reaction mixture (i.e. 
Vcat

Fv

),18,19 as well as high thermal and 

operational stability in case of immobilized enzymes.20,21 Microcapillaries, glass microchips 

and packed bed microreactors are used for performing the reactions.  
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4.1.1. Transesterification in a packed bed microreactor – state-of-the-art 

In this work we compare the use of biocatalysts under batch and continuous, micro flow 

conditions with an example of a Candida antarctica Lipase B (CALB) catalyzed 

transesterification reaction in a packed bed microreactor. The reaction between ethyl 

butyrate and 1-butanol to give butyl butyrate (Scheme 4.1) has been considered as a model 

reaction. Transesterification reactions are mainly taking place in the synthesis of polyesters 

and the production of biodiesel.22 Homogeneous acid and base catalysts, ion exchange 

resins and biocatalysts (particularly lipase) are used as catalysts for this transformation. Use 

of enzymes is here preferred due to their high activity and mild reaction conditions. Some 

previously performed works on lipase catalyzed esterification and transesterification 

reactions reported on the high ester yields in a recirculating packed-column reactor 23 and a 

continuous packed bed reactor.24,25 The transesterification of high oleic sunflower oil with 

butanol by immobilized lipase was carried out in a continuous packed bed reactor and 

showed that removal of the product (glycerol) enabled by this continuous system is 

advantageous since it eliminates enzyme inhibition by the product.24 An integrated system 

consisting of a packed bed microbioreactor and a miniaturized separator was developed for 

performing lipase based synthesis of butyl butyrate in an ionic liquid medium enabled 100 

% conversion and 90 % separation efficiency.25 Comparison of two-phase lipase-catalyzed 

esterification on micro and bench scale showed that the same kinetic parameters can be 

used on both scales which is important for screening of enzymes and reaction conditions.26 

In this work we used commercial Novozym 435 catalyst, a CALB immobilized on a 

macroporous acrylic resin. Recent papers on microreactor based enzymatic 

transesterification report on almost complete conversion for temperatures up to 90 °C and 

retention times of 0.6 – 9.4 min with very good enzyme stability.15,27,28 However, only a 

few of these papers report about enzyme stability, conversion tests and reactor design 

optimization together. Therefore, our goal was to investigate the transesterification reaction 

of ethyl butyrate and 1-butanol considering both the catalyst and the reactor performance, 

with the target to achieve conversions comparable to those reported for batch operation,29 

and also propose the reactor design that will achieve the productivity in a commercial 

production range. To the best of our knowledge, this is the first work on this reaction under 

continuous micro flow conditions. 

 

Scheme 4.1. The transesterification reaction of ethyl butyrate and 1-butanol 

Butyl butyrate has a pineapple flavor and is used in food, beverage and pharmaceuticals.30 

Furthermore, butyrate esters are applied as nutraceutical agents and are reported to have 

anti-tumor activity.30 The natural form of flavor esters extracted from plant material is in 
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shortage and the flavor esters produced by fermentation are very expensive for commercial 

use. A selective enzyme mediated synthesis, with the application of CALB, could be an 

alternative solution for the production of flavor esters. 

4.2. Experimental section 

Chemicals. Novozym 435, a commercially available Candida Antarctica lipase B (CALB) 

immobilized on a macroporous polymethylmethacrylate support, was obtained from 

Novozymes A/S. 1-Butanol (≥ 99.4 %), ethyl butyrate (99 %), 1,3-dimethoxybenzene (≥ 98 

%), butyl butyrate (98 %) and tert-butanol (≥ 99.7 %) were purchased from Sigma Aldrich 

and were used as received. Dichloromethane (99 %) was purchased from VWR and was 

used as received. 

Batch reactions. Batch experiments were performed in 100 mL round-bottom flasks, 

which were placed in a heated oil bath with a feedback temperature controller. The 

temperature was first maintained at 40±0.1 °C and later the influence of higher 

temperatures was examined. A round-bottomed flask was charged with Novozym 435 (300-

500 µm, 350 mg). Subsequently, 255 µL (2.8 mmol) of 1-butanol and 14 mL tert-butanol 

were mixed in a beaker and added to the catalyst. Finally, ethyl butyrate was added in a 

molar ratio of 1 : 5 (mol/L ethyl butyrate : mol/L 1-butanol). These amounts are a 

representative example of the amounts used in the experiments. 1,3-dimethoxybenzene was 

used as an internal standard. The reaction started immediately when the ethyl butyrate was 

added. The mixture was stirred with a magnetic stirrer at 300 rpm. Samples of 15 µL were 

periodically collected, diluted with 1000 µL dichloromethane to decrease the viscosity, and 

then analyzed by gas chromatography. All experiments were carried out in triplicates and 

the average value is used. Control experiments in the absence of Novozym 435 did not 

show any conversion. 

Continuous flow setup. A tubular reactor with an inner diameter of 4.5 mm and a length of 

103 mm was packed with 635 - 660 mg of Novozym 435 beads with a diameter of 500-710 

µm by introducing the beads with a funnel and tapping on the side of the reactor. (For early 

reports about packed bed microreactors and a procedure to assemble them, see references 
31–34.) The mean particle size used in the continuous setup is bigger than in the batch setup 

which was needed to avoid larger pressure drop. Nevertheless, a model including internal 

and external diffusion limitations which is discussed later in this text can successfully 

predict the system behavior for different particle sizes.  

The bed porosity was estimated by weighing the amount of added Novozym 435 and 

calculating the fraction of volume of the Novozym particles in the total reactor volume. The 

porosity varied between 27.4 and 30.3 % depending on the Novozym amount. The outlet of 

the reactor had an attached frit with a pore size of 20 µm to hold the packing material inside 

the reactor. A stock solution of ethyl butyrate (4.9 mmol), 1-butanol (2.6 mol) and 1,3-
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dimethoxybenzene (42.7 mmol) was made. These amounts are a representative example of 

the amounts used in the experiments. Tert – butanol as a solvent was not used in the flow 

experiments due to its low melting point (25 °C) and difficult handling during analysis. 

High concentrations of 1-butanol were used instead.  The reactants were loaded into a 10 

mL syringe and attached to the syringe pump (Chemyx Inc., Model Fusion 200), by which 

the flow rate can be adjusted. The syringe was connected to the reactor by PTFE tubing 

(OD: 1.6 mm, ID: 0.5 mm). To ensure proper mixing, the reactants were pre-mixed by 

shaking for 30 minutes before charging the syringe. The reactor was submerged in a heated 

oil bath with a thermoregulator (LAUDA Ecoline series, Type E 300), see Figure 4.1. The 

reaction temperature was maintained constant in the range between 40 and 90 °C (accuracy 

±0.1 °C), depending on the experiment. The flow rate was varied between 0.05 and 5 
mL/min, corresponding to mean residence times of 9.4 – 0.094 min. The outlet of the 

reactor was connected to a PTFE tube, from which samples are collected for analyses, 

similarly to the batch procedure.  

An ISCO pump (Teledyne ISCO model 260D) with a 250 mL syringe was used for enzyme 

stability tests instead of the syringe pump to ensure a stable flow. 

 

 

Figure 4.1. Continuous flow packed bed microreactor set up 

Characterization. All compounds were characterized by GC-FID (Varian 430-GC) 

employing a CP-Sil 5 CB column of 30 meters (0.25 mm ID, film thickness 1 micron), and 

a flame ionization detector. The carrier gas was helium (1 mL/min, split ratio 1:80). The 

oven temperature was maintained at 50 ⁰C for 5 minutes and then increased to 200 ⁰C at a 

rate of 10 ⁰C/min. The injector temperature was fixed at 250 ⁰C and the detector 

temperature at 275 ⁰C. Scanning Electron Microscopy (SEM) was performed on an FEI 

QuantaTM 3D FEG low vacuum SEM/Focused Ion Beam (FIB). 

4.3. Kinetics and mass transport 

4.3.1. Slurry reactor model 

Kinetic expression. It is known from literature that enzymatic transesterification reactions 

follow a complex catalytic cycle, where the enzyme first forms a complex with an acyl 
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donor, releases one product and forms a complex with another substrate.35,36 This is a ping-

pong bi-bi mechanism, which also involves inhibition and adsorption constants for both 

substrates. However, for the prediction of the reaction behavior, we modeled the reaction 

between ethyl butyrate and butyl butyrate as a reversible, second order reaction that can be 

justified if the adsorption is very weak, i.e. adsorption constants are very small and no 

inhibition is observed. These assumptions have been verified experimentally. The reaction 

rate for ethyl butyrate (A) is thus defined as: 

( )
2

2 2 2 21 21 0 0 0 0
1 1 1

k k k
r k c c c c c cBA A A A A A

k k k
− = − + − + −

    
    
     

3
[ ]
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mol

m s
                       (1) 

All symbols are defined in the Nomenclature section. 

Mass transfer limitations and intrinsic reaction rate constant.  In order to determine 

whether pore diffusion limits the reaction rate, the Weisz modulus is calculated: 
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If Φ >3 reaction is diffusion limited, while for Φ < 0.1 reaction is kinetically limited. 

In Novozym 435 enzymes are absorbed in the external shell of the bead with a shell 

thickness of approximately 90 µm.37 Figure 4.2 illustrates the concentration profile of ethyl 

butyrate (A) around and in a porous catalyst particle for a partition coefficient of 1 (the 

surface concentration on the catalyst is equal to the concentration inside the particle).  

When external diffusion effects are included, taking into account the concentration of ethyl 

butyrate at the external surface of the catalyst, the expression (1) has to be revised to: 

( )
2

2ˆ 1 21 0 0 0 0
r k c K c c c Kc K c

BA A A A As sAs
− = − + − + −

        
     

                 (5) 

with � =  ���� and 1k̂ being an intrinsic reaction constant. 

According to the steady state conditions, the mass transfer rate is equal to the reaction rate: 
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Figure 4.2.  Concentration profile at the surface of the shell catalyst for m = 1 

The mass transfer coefficient (kc) at the liquid-solid interface is calculated using correlation 

(7) from Ratering et al.38 and references therein. 
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The catalyst efficiency, η, can be calculated from the theoretical relationship between η and 

the Thiele modulus. Details on calculating the catalyst efficiency, Thiele modulus and 

actual reaction rate coefficient are included in the Appendix. Here, only the final equations 

used in the calculations are given: 

The catalyst efficiency for the second order equilibrium reaction is expressed as 

( )( ) ( )( )

( ) ( )
( )

1 1 1 13 tanh 3 1 3 tanh 3 3 tanh 3 3 tanh 3 1
0 0 0 0

3 3ˆ
0 11 1 1 1 13 tanh 3 3 tanh 3 tanh 3 tanh 3

30 0 0 0 0

R R R R

R R R R

m

R RR R R R k

R R R R D R
eff

ϕ ϕ ϕ ϕ ϕ ϕ ϕ ϕ

η

ϕ ϕ ϕ ϕ ϕ ϕ

− − + − −

=
−

− − +

       
                     

    
                

Where the Thiele modulus, 	, is  

(8)
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Parameters used in equations (2) - (9) are summarized in Table 4.1. 

Table 4.1. Parameters of catalyst particles and the batch reaction system  

Parameter Value 

cA0 39 mol/m3 

cB0 195 mol/m3 

dp 220 µm 

δ 90 µm 

Deff  1.0 · 10-10 m2/s 

ν 4.32 ·10-6 m2/s 

εCALB 0.73 m3
CALB/m3

cat 

ac 1.63 ·104 m2
cat/m

3
CALB 

ε 0.2 W/kg 

R0 200 µm 

R1 110 µm 

 

4.3.2. Packed bed microreactor model 

 In the flow mode concentrations of reactants are changing with the reactor volume. This 

implies that the surface concentration CAs and catalyst efficiency η also decrease. 

Concentration change over reactor volume is expressed as: 

( ) ( )
2
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dV Fr v
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where   

2
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1 2

4
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Equations (5-12) are solved simultaneously employing numerical methods, and a kinetic 

model including mass transfer effects is obtained.  

(9)
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Parameters such as kc, m and Deff are either calculated from the correlations available in 

literature or estimated based on default values for similar systems. The Re number in the 

observed system is in the range of 0.2 – 20. The mass transfer coefficient in the flow mode 

for low Re numbers is given in Dwivedi and Upadhyay 39 and Westerterp et al. 40 We used 

the correlation from Dwivedi and Upadhyay 39, where the authors correlated mass transfer 

in fixed beds with particle Re number as: 

1.043 0.95
0.82 0.46

Re Re
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ε = +                   (13) 
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ρ δ
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The effective diffusion coefficient of a certain compound in a resin particle depends on the 

value of the molecular diffusion coefficient of that compound in the pure liquid, the 

porosity of the particle and the tortuosity factor:  

cat
D Deff

ε

τ
=                    (16) 

Based on an average molecular diffusion coefficient of liquids of 1·10-9 m2/s, and average 

D/Deff values of 9 – 19 reported for different alcohols 41, an effective diffusion coefficient 

of 1·10-10 m2/s is adopted for use in the calculations. 

Further, bed porosity, ε, is estimated based on the average particle size and their calculated 

density. However, small deviations due to the non uniform particle size distributions are 

still possible. Thus, the influence of these parameters on the fit between the model and the 

experimental values has been examined. 

4.4. Results and discussion 

	ovozym particle size distribution. The initial beads diameter range was 300 - 900 µm. In 

order to obtain a narrower particle size distribution, the beads were sieved first with 425 µm 

and 710 µm sieves, and later with 300 µm and 500 µm sieves, and an adequate fraction was 

used as stated in the experiments. After the first sieving, the particles were analyzed with 

SEM and the particle size distribution was determined (Figure 4.3). A broad range of 

particle sizes was still present, which may cause a high pressure drop in the microreactor 

experiments. Thus, another sieving was done to ensure an even narrower particle size 

distribution. 
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Another important parameter is the density of the particles. The density is experimentally 

determined by accurately weighing a sample of a known amount of particles and afterwards 

analyzing it by SEM for determining the diameters and therewith the volume. A density of 

555 kg/m3 was determined for dry particles. 

 

Figure 4.3. a) SEM picture of Novozym 435 (425 – 710 µm); b) Particle size distribution 

Partitioning. In order to estimate the catalyst efficiency and therewith the intrinsic kinetic 

constant, it is important to know the exact value of the substrate concentration in the 

solution and inside the catalyst particle. The ratio of these two concentrations, the partition 

coefficient, has been measured for ethyl butyrate at 20 °C, for a phase ratio of 0.43 and five 

different preset solutions: 0.02, 0.05, 0.1, 0.15 and 0.2 M ethyl butyrate. 

The partitioning can be quantified by a linear adsorption isotherm (eq. 17): 

cat liquid
c m cA A= ⋅                                              (17) 

The adsorption isotherm is shown in Figure 4.4 indicating that the amount of ethyl butyrate 

adsorbed on the catalyst is a linear function of the amount of ethyl butyrate in the solution: 

0.9
cat liquid

c cA A= ⋅  , R2 = 0.95                (17a) 

 The partition coefficient is the slope of this isotherm and equals 0.9 ± 0.09 m3
l/m

3
cat. We 

anticipate that a realistic value of partition coefficient during the reaction is higher than the 

measured one, because the reaction takes place at higher temperature than the one used for 

this experiment. The partition coefficient was measured at 20 °C to overcome the effect of 

concentration change caused by the reaction. The validity of a somewhat higher partition 

coefficient is also confirmed by the model which is shown later in the text. 
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Figure 4.4 Adsorption isotherm for ethyl butyrate. Symbols – experimental values, Line – linear 
adsorption isotherm 

Batch tests. In order to obtain more insight into the kinetics of the transesterification 

reaction of ethyl butyrate and 1-butanol catalyzed by CALB immobilized on polyacrylic 

support (i.e. Novozym 435), batch experiments were performed prior to the flow 

experiments. Initially we carried out experiments with 0.4 mM ethyl butyrate, 2 mM 1-

butanol and 250 mg dry catalyst (similar to the work of Madeira Lau et al.29). We 

maintained a temperature at 60 ± 0.1 °C and achieved conversion of 87 % after 30 min 

reaction time. This conversion is much higher than the one obtained by Madeira Lau et 

al.29; the authors reported conversion of 74 % after 4 h reaction time, yet at 40 °C. 29  Thus, 

we studied the effect of temperature on the conversion in the temperature range of 40 – 80 

°C. (Figure 4.5a) 

Temperatures higher than 80 °C were not considered because of the boiling point of the 

used solvent, tert-butanol, which is 82.4 ⁰C.a It was found that the optimal temperature 

range for the transesterification reaction in batch mode is 40 – 60 ⁰C. The rate of the 

reaction and the conversion decreased with an increase in temperature from 60 to 80 °C, 

while at temperatures of 40 – 60 °C conversion time histories were similar. Irreversible 

deactivation of enzymes is likely to occur at temperatures higher than 60 °C.36 

The experimental data at 40 °C and 60 °C were fitted to the second-order equilibrium 

reaction kinetics (eq. 5), see Figure 4.5b. A good fit was obtained for both temperatures 

(0.98 and 0.99 accuracy, respectively). Kinetic constants at both temperatures are displayed 

in Table 4.2. 

 

                                                 
a Source: Sigma-Aldrich product information 
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Figure 4.5. a) Effect of temperature on the ethyl butyrate conversion for various temperatures; b) 
Concentration data fitted to second order equilibrium reaction kinetics, see equation (5): (□) 40 °C, k1 
= 1.032 L/(mol·min), (●) 60 °C, k1 = 1.153 L/(mol·min), (∆)70 °C and (♦) 80 °C – no fit was obtained 

 

Table 4.2. Kinetic parameters obtained for transesterification of ethyl butyrate and butyl butyrate, 
fitted to the second order reaction kinetics 

T Kinetic parameter Value Unit  

40 °C k1 

k2 

t0 

1.032 ± 9.8·10-4 

0.728 ± 1.7·10-3 

0.047 ± 2.3·10-3 

L/(mol·min) 

L/(mol·min) 

min 

60 °C k1 

k2 

t0 

1.153 ± 0.010 

0.893 ± 0.017 

0.010 ± 0.019 

L/(mol·min) 

L/(mol·min) 

min 

* t0 is a time deviation in sampling interval 

At 70 and 80 °C, the fit with the second order reaction rate expression could not be made 

which confirms that at those temperatures other effects occur that influence the intrinsic 

reaction rate. Thus, only the results at 40 and 60 °C are used for further analysis and 

comparison with the flow system. 

The equilibrium constant K is  � =  ����                                                   (18) 

The value of K at 60 °C is 0.77. The equilibrium constant is thermodynamically defined by:  

lnRT K Gr
Θ

= −∆                                                                                                              (19) 

The expression (19) gives a value of the free Gibbs energy change of only 0.7 kJ/mol, 

which can be expected because the products and the reactants have very similar structure 
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and the change of the Gibbs free energy is minimal. This confirms that the value of Keq 

calculated from the rate constants of the forward and the backward reaction is realistic and 

that the reactants behavior is well explained with the second order reaction rate. 

The intrinsic reaction rate constant is calculated from equations (1) - (9) with the 
parameters shown in Table 4.1. The resulted values for the surface concentration, As, and 

the intrinsic reaction rate constant, 1k̂ , as well as parameters needed for their estimation, are 

shown in Table 4.3. 

Table 4.3. Transport related parameters calculated for the transesterification reaction at 60 °C 

 

*m3
cat refers to the whole catalyst particle, while m3

CALB refers to the catalyst shell containing CALB 

The intrinsic reaction rate constant, calculated for the conditions shown here, is 6.60 

L/(mol·min), which is higher than the apparent rate constant of 1.15 L/(mol·min). Thus, 

diffusion limitations are present in the batch system. The calculated Weisz modulus is Φ = 

5.6 which also confirms that the reaction is diffusion limited. 

We further compared the conversion data of the microreactor and batch reactor 

experiments. The initial reaction rate, calculated for the data shown in Figure 4.6, is 2.5 

times higher for the microreactor system (0.0125 mol/(L·min) compared to 0.00489 

mol/(L·min)). Moreover, the equilibrium conversion in the batch experiment is reached 

after 30 min reaction time, while in the packed bed microreactor complete conversion 

occurs in approximately 4 minutes residence time. This is attributed mainly to two factors:  

(1) Diffusion path length in the microreactor is small (the interstices between the catalyst 

particles may be around 10 µm for the close packing), which leads to the enhanced 

contact between reactants and active sites of enzymes; 

(2) The specific enzyme loading for the packed bed microreactor was 400 g/L while in the 

used batch reactor 31 g/L enzymes were present. Even further increase in productivity 

may be possible if the advanced supports described in Chapter 3 are used. Naturally, 

solid content in the batch reaction could be increased up to a certain extent, however, 

problems such as the difficulty of mixing at high solid contents, a possibility of 

breaking the particles, and loss of enzymes from the solid bead due to mechanical 

Parameter Value Unit 

kc 5.54 ·10-5 m3
L/(m2

cat·s) 

rv
obs 3.13 mol/ (m3

CALB·s) 

η 0.22 - 

φ 4.99 - 

cAeq 5.08 mol/m3 

cAs 35.33 mol/m3 

1k̂  
0.00248 

= 6.60 

m6
L/(m3

CALB·mol·s) 

L/(mol·min) 
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shear may be expected.15 In addition, the recovery and reuse of a big amount of 

enzymes in batch operations is difficult, which affects the operation.  

 
Figure 4.6. Conversion as a function of time for batch and packed bed microreactor at 60 ⁰C, lines are 
for visual guidelines only. (○) Microreactor; 0.04 M EB, 0.4 M B; (●) Batch reactor: 0.04 M EB, 0.2 

M B in t-BuOH as a solvent 

Figure 4.7 shows a comparison between the experimental data shown in Figure 4.6 and the 

conversion - time history calculated from the model equations for the packed bed 

microreactor. Experimentally determined value of partition coefficient, m = 0.9 was used in 

the model. Model showed to be very sensitive to the change of the partition coefficient 

value (black and green line). On the other hand, very small variations in the model fit were 

observed with the change of values of bed porosity, ε, and effective diffusion coefficient, 

Deff, (orange and blue line) which shows that the model is not sensitive to their change (see 

Figure 4.7).  

Model calculation led to an effectiveness factor, η, of 0.19 – 0.21 throughout the reactor 

length, indicating the presence of pore diffusion limitations in the catalyst particle. It can be 

concluded that the model including external and internal diffusion limitations explains the 

behavior of the packed bed microreactor well. 
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Figure 4.7. Experimental (symbols) and calculated conversion – time histories (lines) for microreactor 

at 60 ⁰C, 0.04 M EB, 0.4 M B. Model parameters: (---) Deff = 1·10-10 m2/s, m = 0.9, ε = 0.29, k̂ 1= 

1.24 · 10-3 m6
L/(m3

CALB·mol·s), (─) Deff = 1·10-10 m2/s, m = 1.5, ε = 0.29, k̂ 1 = 0.26 · 10-3 

m6
L/(m3

CALB·mol·s), (····) Deff = 2·10-10 m2/s, m = 0.9, ε = 0.29, k̂ 1= 1.01 · 10-3 m6
L/(m3

CALB·mol·s), 

(─·─) Deff = 1·10-10 m2/s, m = 0.9, ε = 0.26, k̂ 1= 1.24 · 10-3 m6
L/(m3

CALB·mol·s). 

Effect of molar ratio of the reactants 

The effect of the molar ratio of ethyl butyrate and 1-butanol has been examined for 

different flow rates at constant temperature. The ratio was varied from stoichiometric to a 

high excess of 1-butanol (ratio 1: 535). It was found that the low molar ratio had benefits, 

especially at longer residence times (Figure 4.8). This is because for lower molar ratios the 

reaction becomes pseudo first order and irreversible. 

 
Figure 4.8. Effect of ethyl butyrate to 1-butanol molar ratio on the conversion at T = 40 °C Molar 

ratios: (○) 1:535, (◊) 1:210, (□) 1:2, (∆) 1:1 
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Effect of temperature 

The effect of temperature was studied in the range of 40 to 90 °C, with a molar ratio of the 

reactants of 1:532 and a flow rate ranging between 0.047 and 0.47 mL/min. It was found 

that, unlike previously performed batch reactions, the optimum temperature for the 

transesterification in a flow mode was between 70 and 80 °C (Figure 4.9). At 90 °C enzyme 

degradation occurred, white flakes were noticed leaving the reactor and Novozym particles 

were visibly deformed (these conversion results are not shown in the graph). An optimum 

temperature higher than in the batch system shows that temperature is not the only factor 

influencing enzyme denaturation. The decrease of enzyme activity at 70 °C and 80 °C in 

the batch system can be also caused by shear forces from the stirrer (Figure 4.5a). Since in 

the packed bed microreactor the retention time is much lower, enzyme inhibition does not 
occur and stable operation is possible up to 80 °C. 

 
Figure 4.9. The conversion of ethyl butyrate as a function of residence time for five temperatures: (□) 

40 ⁰C, (X) 50 ⁰C, (○) 60 ⁰C, (∆) 70 ⁰C, (◊) 80 ⁰C. Reaction conditions: 0.02 M EB, 10.65 M 1-
butanol 

Enzyme stability test 

In order to further test the enzyme stability at high temperature, continuous tests were 

performed at 60, 70, 80 and 90 °C (Figure 4.10). The packed bed microreactor was 
operated continuously for several hours, at a flow rate of 254 µL/min (residence time was 2 

min). As discussed in the previous section, the optimum temperature was between 70 and 

80 °C. The experiment at 70 °C was repeated after 3 weeks using the same packing, to 

check the deactivation of enzymes. Almost no deactivation was observed in the meantime. 

At 80 °C after operation during 60 residence times conversion was constant within 

experimental error. At 90 °C a continuous decrease of conversion was observed. It can be 

concluded that stable operation was maintained at 70 °C for 160 minutes (corresponding to 

80 residence times). No indication of deactivation was observed at this temperature. This is 

encouraging for considering this system for long term operations. 

40

50

60

70

80

90

100

0 1 2 3 4 5 6 7 8 9 10 11

C
on

ve
rs

io
n 

(%
)

Residence time (min)



Lipase based flow process in a packed bed microreactor                                                     85  
 

 
 

 
Figure 4.10. The enzyme stability at various temperatures: (○) 60 ⁰C, (∆) 70 ⁰C, (▲) 70 ⁰C after 3 

weeks, (◊) 80 ⁰C, (□) 90 ⁰C. Operating conditions: Fv = 254 µL/min, 0.02 M EB, 10.65 M BB, τ = 2 

min 

An additional test with continuous 12 h operation was performed at 70±0.1 °C, showing 

stable operation during the whole period of time (Figure 4.11). It is important to note that 

even longer operation times are feasible. Several experiments could be performed with a 

single packed bed without noticeable deactivation of the enzymes. 

 
Figure 4.11.  The enzyme stability test at 70 °C. Operating conditions: Fv = 500 µL/min, 0.02 M EB, 

10.65 M BB. τ = 0.96 min 

Catalyst/reactor productivity 

Only a very few present studies address the issue of productivity of enzymatic 

microreactors with immobilized enzymes. For example, Fu et al. investigated enzyme 

loadings required to obtain reasonable space–time yields and ensure cost-effectiveness of 

the derived chemical reaction.13 For the used enzymes and the types of support, it was 

shown that even under best-performance assumptions, such as the avoidance of mass-

transfer limitations, the present loading performance suffices in the case of high-value 
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products, such as pharmaceuticals, but not for larger-volume, low-cost chemicals. Further, 

productivity per mass of enzyme is an important criterion from the economic aspect. 

Tufvesson et al.42 estimated that the requirement for productivity by biocatalysts in the 

production of fine chemicals is between 50 and 2000 kgp/kgcat  for a catalyst cost ranging 

between 500 and 1500 €/kgcat. With the stable 12 h operation at 70 °C and a substrate 

concentration of 0.02 mol/L (see Figure 4.11) we synthesized 0.075 gp/(gcat·h). This is not 

the maximum value, keeping in mind that enzymes could be further reused, and higher 

starting concentration can be used. Unfortunately, no direct comparison with the 

productivities suggested in literature is possible, since no time scale is given in the 

literature.  

Figure 4.12 shows the catalyst productivity extrapolated for longer operation times. The 
productivity is calculated as: 

P c x MW FvA= ⋅ ⋅                               (20) 

According to Tufvesson et al.42, catalyst productivity should be higher than 50 kgp/kgcat to 

justify the cost of catalyst. From the shown concentrations only the starting concentration 

of 1 mol/L can ensure this productivity in at most 15 h of production. No enzyme 

deactivation would occur in this period of time (see Figure 4.11). In equation (20) the 

kinetics is not considered; instead the conversion term, x, is used and a linear dependence 

of the productivity over time is presented. 

 
Figure 4.12. Catalyst productivity for various initial concentrations of ethyl butyrate 

 

This short and qualitative analysis of catalyst productivity gives insight in the economic 

potential of enzymatic microreactors. It confirms that a kg-scale targeted production can be 

efficiently performed in micro/milli structured reactors where stable and active enzymes 

allow for high productivities per mass of enzyme, while reactor micro dimensions take care 

for a higher overall conversion, high productivity and low process cost. 
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4.5 Conclusions 

The transesterification of ethyl butyrate with butyl butyrate was studied in a batch reactor 

and in a packed bed microreactor with Novozym 435 as a catalyst. Analysis of the kinetic 

data demonstrated that the kinetics can be approximated with a second-order rate equation. 

The reaction rate is strongly influenced by external and internal transport limitations. Faster 

product formation per reactor volume has been achieved in the microreactor compared to 

the conventional batch system. The kinetic model including the external transport 

limitations showed good agreement with the experimental data. Novozym 435 showed to be 

stable up to 80 °C, with a high reactant mole ratio being desirable to achieve higher 

conversions. Continuous 12 h operation was performed, during which enzyme activity 

remained unchanged. Moreover, the same packing was reused for several days without 

indicating any activity loss. A benchmarking between the batch reactor and the 

microreactor performance is illustrated in Table 4.4. 

Table 4.4. Comparison of batch reactor and microreactor performance 

 Batch reactor Microreactor 

Reactor volume, mL 100 1.64 

Enzyme loading, mg 350 660 

Maximum conversion, % 87 99.9 

Residence time, min 30 4 

Observed activity, mol/(m3
CALB·s) 0.34 0.42  

The intrinsic activity of Novozym 435 for the conditions given in Figure 4.6 equals 18.9 

mol/ (m3
CALB·s). Only for comparison, the intrinsic activity of a bulk lipase catalyst (i.e. 

where the particle size is 2δ) is calculated and equals 23.2 mol/(m3
CALB·s). Moreover, the 

new enzymes supports introduced before will enable much higher enzyme loading (with 

more than 90 % enz/support ratio while the fraction of lipase in Novozym 435 is about 10 

wt.%). This indicates the importance of choosing the right form of enzyme, especially when 

diffusion limitations are significant. 

The described packed bed microreactor is a suitable reactor for a long term operation. An 

economically justifiable catalyst productivity can be achieved with higher substrate 

concentrations (1 mol/L) within 15 h operation time. This work demonstrates how a milli-

scale packed bed reactor can be used for various chemistries such as more complex 

transesterifications by providing good mixing and controlled reaction conditions. If 

expensive enzymatic catalysts are used continuous packed bed operation is more favorable 

than batch since it eliminates high shear and enzyme erosion. The described packed bed 

microreactor could also be used for evaluation of process parameters for industrially 

important enzyme catalyzed processes, since a wide range of process conditions could be 

tested in a short period of time.  
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	omenclature 

ac  specific outer surface area (m2
cat/m

3
CALB) 

cA  ethyl butyrate concentration (mol/m3) 
cAs  ethyl butyrate concentration at the outer surface of the catalyst (mol/m3) 
cA,cat  ethyl butyrate concentration inside the catalyst particle (mol/m3

p) 
cA,liquid   ethyl butyrate concentration in the luquid (mol/m3

l) 
cA0   initial ethyl butyrate concentration (mol/m3) 
cB   butanol concentration (mol/m3) 
cB0   initial butanol concentration (mol/m3) 
cC   butyl butyrate concentration (mol/m3) 
Deff   effective diffusivity (m2/s) 
dp   average Novozym 435 support diameter, not including catalyst shell (m) 
dr   reactor diameter (m) 
Fv   flow rate (mL/min) 
k1   apparent reaction rate constant (L/(mol·min)) 

1k̂   intrinsic reaction rate constant (m6
L/(m3

CALB·mol·s)) 

k2   reverse reaction rate constant (L/(mol·min)) 
kc   liquid/solid mass transfer coefficient (m3

l/(m
2

cat·s)) 
K   equilibrium rate constant (-) 
m   partition coefficient (-) 
MW   molecular weight (g/mol) 
n   order of reaction (-) 
P   production rate (g/h) 
R   universal gas constant (J/(mol·K)) 
R0   outer particle radius (m) 
R1   inner particle radius (m) 
r0   initial reaction rate (mol/(m3

CALB·s)) 
robs   observed reaction rate (mol/(m3

CALB·s)) 
r(As)   reaction rate at the catalyst surface (mol/(m3

CALB·s)) 
T   reaction temperature (°C) 
t0   deviation in sampling time (min) 
t  reaction/residence time (s) 
u   interstitial liquid velocity (m/s) 
V  reactor volume (m3) 
x   conversion (-) 
Greek letters 

δ   catalyst shell thickness (m) 
   power input of the impeller (W/kg) 
ε   void fraction (-) 
εCALB,p                catalyst porosity (m3

CALB/m3
cat) 

rG
Θ∆   Gibbs energy (J/mol) 

η   catalyst efficiency (-) 
ν   kinematic viscosity (m2/s) 
τ   tortuosity (-) 	   Thiele modulus (-) 
Φ   Weisz modulus (-) 
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4.6. Appendix 

4.6.1. Kinetic expression 

The equilibrium reaction is assumed to be: 

1

2

k
A B C D

k
+ +→←                                                                                                       (1a) 

Where A is ethyl butyrate, B is 1-butanol, C is butyl butyrate and D is ethanol. 
The reaction rate is defined as: 

2
1 2

c
A B C

dc
k c c k c

dt
= ⋅ −                                                                                                     

(2a) 

0
c c cB B C= −                                                                                                        (3a) 

0
c c cA A C= −                                                                                                         (4a) 

This results in: 

( )( ) 2
1 200

dcc
k c c c c k cBA C C C

dt
= − − −                                                                            (5a) 

and finally in: 

( ){ }2
1 2

dcc
k k c cc c

dt
α β= − − ⋅ +                                                                                       (6a) 

for which: 
( )
( )

1 00

1 2

k c cBA

k k
α

+

=
−

     (7a), 
( )
1 00

1 2

k c cBA

k k
β =

−
                                                    (8a) 

Equation (6a) can be rearranged to 

( ) ( )( )1 2 1 2
dcc k k c c c cc c
dt

= − ⋅ − −                                                                            (9a) 

where c1 and c2 are equal to 
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2
4

1
2

c
α α β+ −

=                                                                                                  (10a) 

2
4

2
2

c
α α β− −

=                                                                                                   (11a) 

The next step is to solve the integral equation (12a): 

( )( ) ( )
0

1 20 1 2 t

c tc dcc
k k dt

c c c cc c

= −∫ ∫
− −

                                                                             (12a) 

With t0 being mean sampling time deviation. 

The integration of equation (12a) results in: 

( )( )( )( )( )
( )( )( )( )

1 exp1 1 2 1 2 3

11 exp 1 2 1 2 3
2

c k k c c t k

cc
c

k k c c t k
c

− − − −
=

− − − −

                                                                 (13a)

 

The obtained equation (13a) is modeled with the use of Polymath and a nonlinear 
regression analysis is performed with the results of a batch experiment. 

4.6.2. Calculation of the catalyst efficiency 

For determining the efficiency of the catalyst (η) the following mole balance has to be 
solved: 

^
ˆ ^1 2 1( )2

kd d C
r C

dr dr Dr eff

=                                                                                             (14a) 

in which 
^ cA
C

mcAs

=                                                                                                (15a) 

It is assumed, only for the determination of the efficiency, that the reaction is first order in 
the concentration of ethyl butyrate. Later on, instead of the value for the first order Thiele 
modulus, φ, the general form of the Thiele modulus will be used to calculate the efficiency 
η. 
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The boundary conditions are: �������� = 0 and ������ = 1 

For the solution of this differential equation, solutions can be determined with: 

ˆ f
C

r
=  and 

2 ˆ
1

2

k fd f

Ddr eff

=  

With solutions: 

ˆ ˆ
1 1sinh cosh

k k
f r r

D D
eff eff

α β= +
   
   
   
   

                                                                         (16a) 

ˆ ˆ
1 1sinh cosh

ˆ

k k
r r

D D
eff eff

C
r r

α β

= +

   
   
   
                                                                         (17a) 

The next step is to determine α and β with the given boundary conditions. 

For the simplification of the equation:  
� 1k̂D���  R� =  	�  and  

� 1k̂D���  R� =  	� 

α and β can be calculated with: 

( ) ( )( )0 1 tanh1 1
cosh 0

R

�

ϕ ϕ
ϕ

α

−

=                                                                                       (18a) 

( ) ( ) ( ) ( )tanh tanh tanh tanh1 1 1 0 1 0� ϕ ϕ ϕ ϕ ϕ ϕ= − − +                                                     (19a) 

( ) ( )( )0 tanh1 1
cosh 0

R

�

ϕ ϕ
ϕ

β

−

=                                                                                         (20a) 

This results in the solution:  

( ) ( )( ) ( ) ( )( )0 01 tanh tanh1 1 1 1ˆ ˆcosh cosh0 01 1sinh cosh

ˆ

R R

k k
r r

� D � D
eff eff

C
r r

ϕ ϕ ϕ ϕ
ϕ ϕ

− −

= +

   
   
   
   

(21a) 

Now, � can be determined: 
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( ) ( )

^ ^

2
4 0

0 0
3 34 3 3 ˆˆ 0 111 0 1

3 23 0

d C d C
D R mc mAeff sdr dr

R R

R Rkk R R cAs
D Reff

π

η

π

= =
−−

                                                     (22a) 

Combination of (21a) and (22a) results in: 

( )( ) ( )( )( ) ( )( ) ( )( )

( ) ( ) ( ) ( )( ) ( )
tanh 1 tanh tanh tanh 10 0 1 1 1 1 0 0

3 3
ˆ 0 11tanh tanh tanh tanh1 1 1 0 1 0

3 0

m

R Rk

D R
eff

ϕ ϕ ϕ ϕ ϕ ϕ ϕ ϕ
η

ϕ ϕ ϕ ϕ ϕ ϕ

− − + − −
=

−
− − +

             (23a) 

As an evaluation: when R1=0 and 

3 3 3
0 11 1, 3 3

( 2 ) 0

d R Rp
cat p

d Rp

ε
δ

−
= − = =

+
, η would become   

1 1
2tanh(3 ) 3ϕ ϕ ϕ

− , when the Thiele-modulus of a sphere in a first order reaction is applied. 

Therefore, φ� = 3φ and φ� = 3φ R�R�. This results in: 

( )( ) ( )( )

( ) ( )
( )

1 1 1 13 tanh 3 1 3 tanh 3 3 tanh 3 3 tanh 3 1
0 0 0 0

3 3ˆ
0 11 1 1 1 13 tanh 3 3 tanh 3 tanh 3 tanh 3

30 0 0 0 0

R R R R

R R R R

m

R RR R R R k

R R R R D R
eff

ϕ ϕ ϕ ϕ ϕ ϕ ϕ ϕ

η
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φ is the Thiele modulus for the first order reaction. The general Thiele modulus is defined 
as: 
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where: ( ) ( ) ( ) ( )
2

2ˆ 1 21 0 0 0 0
r A k c K c c c Kc K cs BA A A A A As s
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          (26a) 

at the outside of the Novozym particle. Inside the particle, the initial concentration of A and 
B (A0 and B0) are different from outside the particle and equation (26a) becomes: 

( ) ( ) ( )
2

2 2ˆ 1 21, 0 0 0 0
r k c K mc c c Kc Km cBA A A A AA inside

− = − + − + −
 
 
 

                      (27a) 
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 The equilibrium concentration of ethyl butyrate (cAeq) can be calculated when –rA,inside=0:

( ) ( ) ( )
2

2 2
0 1 2
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c K mc c c Kc Km cBA A A A A= − + − + −                                       (28a) 
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    (29a) 

When equation (25a) is integrated, the Thiele modulus becomes: 
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        (30a) 

Equation (30a) is implemented in equation (24a) and the actual reaction rate constant is 
calculated with Polymath. With this the following balances (equation 31a and equation 32a) 
are solved in Polymath: 

( ) '
0k c c a rc cA obssA
− =                                                                                                    (31a) 

( )( ) ,r r As cat pAobs
η ε=                                                                                                  (32a) 
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Abstract 

The quest for efficient, environmentally friendly catalysts is becoming ever more important 
in chemical industry. In this chapter, cost guidelines for preparation and use of two “green” 
catalyst types are given. Polymer supported metal nanoparticles and enzymes immobilized 
on a nanospring support are evaluated for use in several organic syntheses. Metal 
nanoparticles on a hyper cross-linked polystyrene support have shown to be economical for 
the use in organic reactions when a small amount of catalyst can provide good yield, such 
as in 1,2-dimethyl-ethynyl-carbinol (DMEC) hydrogenation. Analysis of enzyme 
immobilization costs on a novel nanospring support (and their contribution to the overall 
process cost) confirmed the window of economical use of such novel supports for syntheses 
of high added-value chemicals (500 €/g and higher). Use of these supports in enzymatic 
microreactors enables the development on new reactions where no other supported enzymes 
commercially exist. Stable and active enzymes allow here for high productivities per unit of 
mass of enzyme, while reactor micro dimensions take care for a higher overall conversion 
and high productivity per unit of reactor volume.  
This pioneering catalyst cost analysis aims at guiding the innovative process developments 
at their early stage and also identifies bottlenecks associated with the catalyst performance.  
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5.1. Introduction 

The goal of the POLYCAT project is to develop polymer supported catalysts for the 

efficient use in the syntheses of fine chemicals and pharmaceuticals. Apart from satisfying 

their catalytic role for a chosen reaction system, these catalysts need to conform to the 

stability, robustness and cost requirements in order to be attractive for commercial 

applications and to outperform the state-of-the-art catalytic systems. Moreover, for an 

efficient industrial use, the catalyst cost contribution to the overall process cost plays an 

important role. Up to now very few reports have documented the economics of catalyst 

preparation. The cost contribution of the biocatalysts in processes with whole cells, free and 

immobilized isolated enzymes have been studied by Tufvesson et al.1. These authors also 

suggested a guideline for minimum catalyst productivity for having a feasible process. They 

show that high volume bulk chemicals allow typically for a biocatalyst to contribute up to 5 

% of the selling costs, while for fine chemicals this value is up to 10 %. At the same time, 

commodity and bulk chemicals require higher catalyst productivity (in terms of kg product 

per kg of catalyst) than needed for the more expensive pharmaceutical compounds. That 

way, for low valued bulk chemicals, such as biofuels, up to 10,000 kilograms of product per 

kilogram of biocatalyst must be produced1, whereas productivity of high-valued fine 

chemicals and pharmaceuticals per kilogram of enzyme is only 5-500 kg. 

Chemical catalysts commonly have lower specific costs than biocatalysts. However, a 

comparison with a biocatalytic alternative is not straightforward since the selectivity, 

reaction kinetics and downstream operations of the processes they catalyze differ 

significantly for the two catalyst types.  

An ex-ante cost analysis has been performed in this PhD work as a first stage decision-

making tool in estimating the profitability of a process. In this chapter, the preparation costs 

of polymer supported metal catalysts and immobilized enzymatic catalysts have been 

examined as well as their cost contribution in the processes they catalyze. A few reaction 

examples for syntheses of fine chemicals and intermediates of interest in the POLYCAT 

project have been studied. Also, more expensive pharmaceutical intermediates have been 

included in the analysis with the goal to show the window of economical use of the studied 

catalysts for various product classes. This analysis could be a good research and 

development guideline for the catalyst selection and a direction towards an economical 

commercial operation. 

5.1.1. Application of metal catalysts in micro flow conditions 

The combined use of active and stable catalysts with micro-flow conditions is recognized as 

one of the ten key issues for chemical synthesis in the flow mode.2 Wegner et al.2 

emphasize the importance of performing complex reactions and avoiding waste-producing 

isolation and purification procedures by immobilization of organometallic and metal 

catalysts in combination with flow chemistry. Of special interest are heterogeneous, coated 
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catalysts on a microchannel wall supported by inorganic, polymer or zeolite coatings.3,4 The 

advantages of using metal based catalysts and flow devices for oxidation and hydrogenation 

reactions are recently reviewed.5,6,7 Widely used metals are platinum group metals, both in 

homogeneous and heterogeneous form, among which palladium as the least expensive and 

the most available. Among the most important palladium-catalyzed organic syntheses are 

Heck arylations and vinylations, cross-coupling reactions such as Suzuki, Stille, Negishi, 

Sonogashira and aromatic carbon-heteroatom bond formations.8,9 Developing flow 

conditions for these reactions is desirable since the products are further used in the 

synthesis of active pharmaceutical ingredients, fine chemicals and natural products.10 

However, there are several issues when working with metal-based catalysts for organic 

synthesis in flow mode:  
- Catalyst leaching. A careful choice of the catalyst source, the impregnation 

method and the pretreatment is required before establishing optimum reaction conditions, 

especially when the formation of final products has to be strictly controlled.11  For example, 

the concentration limit of palladium or platinum catalyst residues allowed during the 

production of pharmaceuticals is less than 10 ppm.12 The most widely used catalyst in 

hydrogenation processes, Raney nickel, has to be excluded from most of the hydrogenation 

reactions leading to valuable bioorganic products because of its pronounced leaching.13 For 

food, medical and cosmetic applications, nickel must be completely removed from the 

product, which results in additional process costs. Nickel is replaced with ruthenium based 

catalysts, which, although more expensive, have a higher activity and do not dissolve in the 

reaction mixture. Optimizing the size of metal particles and the nature of the support for a 

chosen reaction is shown to be a promising way to improve the activity and the resistance 

against leaching in the flow syntheses.8 

- Catalyst implementation and cost. The most economical catalyst implementation 

technique depends on the type of the active catalyst species.1,14 Noble metals are crucial for 

high activity in a coated system.8 However, the lowest specific costs can be obtained with a 

packed bed of porous catalyst particles. Therefore, an optimum between catalyst cost and 

activity exists, and it influences the decision for the catalyst implementation method. 

- Catalyst regeneration/removal. The removal of the deactivated catalyst is very 

often a challenging task. For example, if the catalyst is wash-coated on a removable reactor 

plate, the entire catalyst plate can be replaced. A removal and regeneration of catalyst plates 

in the case of wash-coated catalysts is found to be more acceptable than the use of a fresh 

catalyst batch. This can be concluded from the results of life cycle analysis and life cycle 

costing of catalytic coatings.15  

5.1.2. Alternative catalysts and supports 

Polymer based catalysts. Due to the mentioned issues with metal-based catalysts, the 
development of highly active catalysts containing a minimum amount of active metal is 

highly desirable.14 For example, the group of Frechet16 developed some bio-inspired 
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catalysts on functional polymers where an active metal shell was grown on an inexpensive 

core material while maintaining a high catalytic activity.16,17 They also studied hyper cross-

linked polymers as  supports which have a large specific surface area and an extensive 

network of micro- and meso-pores where an active catalyst can be attached.18  

Hyperbranched functionalized oligomers or dendrimers are promising catalyst supports, 

especially for a flow system, as they are soluble in many organic solvents, allow high 

loading because of their high density of accessible functional groups, and can be retained in 

the flow reactor through appropriate membranes by ultra- or nano-filtration.14 Furthermore, 

nanoparticles (NPs) as catalysts are rapidly gaining attention because they can achieve 

activities of homogeneous catalysts while being recoverable due to their heterogeneous 

nature.19 In the framework of the POLYCAT project nanostructured polymers of four major 
types are being prepared to be used for growing of catalytic nanoparticles, as shown in 

Figure 5.1: 

(i) rigid nanoporous hyper crosslinked polystyrene (HPS) with various 

functionalities (also commercially available);  

(ii) thermosensitive functional microgel and core-shell microgel particles;  

(iii) spherical polyelectrolyte brushes or ultrathin functional polymer layers 

deposited onto organic or inorganic particles;  

(iv) shape-persistent poly(phenylene pyridyl) dendrons assembled around 

magnetic NPs. 

For this purpose a packed bed micro/milli reactor, a falling film microreactor or a simple 

capillary tube with a wall coated catalyst can be used. More support systems, such as 

carbon nanotubes or silica based monoliths, have been further included in the project scope.  

However, only HPS based matrices have been evaluated here due to the early stage of 

development of other supports. 

Metal NPs insertion into the polymeric pores is attractive due to the polymers ability to 

control NPs growth. However, to retain the best dispersion of the active component, the 

optimal support functionalization, solvent and metal precursor need to be selected. Further, 

impregnation and post treatment method are important.  

Palladium nanoparticle formation and stabilization by hyper crosslinked polystyrene has 

recently been reported.20,21 Highly porous HPS is proved to be a promising support for Pd- 

and Pt-based catalysts. A considerably high activity and stable operation was reported for 

several oxidations and hydrogenation reactions.22 Metal nanoparticles with diameters of 1–

4 nm are situated in the small HPS mesopores, while large mesopores or macropores 

provide access of reagents to the catalytic sites. Due to a high degree of crosslinking and 

hydrophobicity of HPS, there is no leaching of the active NPs into the reaction fluid. In the 

case of Pd nanoparticles formed by highly hydrophilic disodium tetrachloropalladate 

(Na2PdCl4), the NP sizes and the size distribution depended on the Na2PdCl4 loading: the 

lower the loading, the smaller the particles. A remarkably high catalytic activity (up to 27 
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mol/(molPd·s)) and selectivity of 98.5 % at 100 % conversion was obtained in selective 

hydrogenation of acetylene alcohols for the catalysts containing only 0.1 wt. % of Pd due to 

formation of smallest Pd based NPs.21 

 
Figure 5.1. Two alternative ways for use of polymer supported catalysts in microchannels (internal 

POLYCAT documentation) 

Enzyme based catalysts. Another alternative to chemical metal catalysts are biocatalysts. 

The use of biocatalysts for synthesis purposes is increasing, mainly for the syntheses of 

low-volume, high-value chemicals such as pharmaceuticals. where the unique properties of 

enzymes are best expressed.23 However, further research is needed to improve the 

efficiency of enzyme-catalyzed reactions, from optimizing the reactor and the process, via 

the use of alternative reaction media, up to enzyme engineering and genetic 

transformations. Reactor and process optimization have been addressed in this work, with a 

focus on novel reactors, i.e. enzymatic microreactors, and novel supports for enzyme 

immobilization. 

The design and use of enzymatic microreactors have been extensively reviewed in several 

recent publications.24–28 For example, Marques et al. stated that the use of enzymatic 

microreactors is growing mainly due to the advantages brought by the enhanced heat and 

mass transfer, flexibility, ease of operation under controlled hydrodynamic conditions and 

low requirements of reagents.24 Still, according to the authors, the contribution of these 

devices at production scale is scarce and further developments can be expected in the field 

of enzyme/whole cell immobilization that will allow their reuse and further improve the 

flexibility of enzymatic reactors. In an even more hierarchic picture, enzymatic 

microreactor applications need to be monitored by a full process-scale with a sustainability 

Rigid polymeric matrix Polyelectrolyte covered 
particlesResponsive 

microgels

filling of microchannels
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magnetic NPs
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and a cost-type evaluation. The cost-analysis given in this work is a first step in this 

direction. 

In this thesis we compare the synthesis procedure and development cost of one enzymatic 

and one polymer based catalyst system suitable for application in a microreactor. We 

propose a simplified method for the estimation of catalyst synthesis cost on a small scale, 

and identify the main parameters that influence the cost of catalyst preparation. Further, we 

relate the cost of the catalyst to the cost of a target product for whose synthesis this catalyst 

is used and suggest processes for which the use of studied catalyst is economically 

beneficial. 

The polymer support under study is hyper cross-linked polystyrene, purified and used as a 

support for noble metal catalysts at the Technical University of Tver (TTU), (Tver, Russia). 
The enzymes used in this analysis are immobilized on a silica based nanospring support. 

The support is provided by GoNano Technologies Inc., (Moscow, Idaho, USA) while 

enzyme immobilization was performed in our laboratory. 

5.2. Methodology for catalyst cost estimation 

The development costs of catalysts are defined on the basis of all capital and operational 

costs made during its preparation. The cost structure is presented in Figure 5.2. The catalyst 

development cost, however, does not give any indication of the catalyst economics. 

Therefore it is important to calculate the cost of catalyst during its application, i.e – catalyst 

process cost, which suggests whether the use of a particular catalyst formulation is 
economically beneficial in a certain process. Maximum allowed catalyst costs depend on 

the process where it is used and therefore on the value of the final product. 

 
Figure 5.2. Catalyst cost structure 

In this research, a small, lab-scale, catalyst synthesis is considered. The cost data may 

therefore differ from the generally accepted costs for a catalyst manufacturing scale. 
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Moreover, some cost categories, such as labor and equipment costs, are difficult to predict, 

since these costs may be associated to several syntheses simultaneously. We approach this 

problem by virtually extrapolating the lab scale catalyst preparation to a one year lasting 

continuous synthesis. 

Particularly for fine chemicals, no market reports exist which will update the change of the 

chemical price (equivalent to Chemical Marketing Reporter). For rough cost calculations, 

small scale “catalogue” material prices can be used. They very much depend on the 

supplier, amount purchased, materials quality, lead time, and also on currency exchange 

rate.29 The approximate material costs have been estimated, as proposed by Laird29, based 

on catalogue prices:  

Catalogue price
Bulk material price = 

n
, in which 2 ≤ n ≤ 10                                                    (1) 

The equipment costs have been calculated based on various online sources and cost 

estimation tools, scaling up rules and engineering heuristics. The cost of labor has been 

estimated from the average annual operator salary and depends on the production location.  

5.3. Case studies 

5.3.1. Metal nanoparticles on HPS support 

Commercial non functional and functionalized HPS matrices (from Purolite Ltd.) have been 

used as a support for various mono and bi-metallic catalysts. Polymer supported catalysts 

that are prepared at TTU involve Pd, Pt and Ru nanoparticles. The preparations evaluated in 

this work are collected in Table 5.1. 

Table 5.1. Metal-based catalysts for cost analysis 

Metal Metal loading, wt % Precursor Test reaction 

Pd 

Pd 

0.1 

0.5 

PdCl2(CH3CN)2 

Pd(CH3COO)2 

DMEC hydrogenation 

Glucose oxidation 

Pt 3 H2PtCl6 N/A 

Ru 

Ru 

Ru 

0.1 

0.74 

3 

Ru(OH)Cl3 

Ru(OH)Cl3 

Ru(OH)Cl3 

N/A 

Glucose oxidation 

Glucose hydrogenation 

 

The synthesis of HPS supported metal NPs consists of several stages, as described in 

Sulman et al.20 These are HPS purification and powdering, metal impregnation and a post-

treatment, see Figure 5.3. For an effective catalyst system it was important to remove all 

ionic impurities, mainly Fe3+ and Cl- ions. After purification, the metal was deposited by a 

wet impregnation method. The particles are washed with water and dried at 70 ⁰C. 
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Figure 5.3. HPS/metal catalyst preparation20, adapted from [20] with the permission from Springer, 

copyright @ 2012 

 

At TTU 50 g of support was purified in one batch. The total purification time was 20 h. In 

the metal deposition stage, 3 g of purified support was used. The time needed for metal 

deposition is 6 h. The preparation procedure shown in Figure 5.3 as well as the materials 
and the labor requirements suggested by TTU, have been used in the current analysis to 

form a base case scenario. This lab-scale procedure has been extrapolated to the continuous 

1-year catalyst production in order to get a more reliable insight into the catalyst 

development costs and forms a basis for benchmarking. During a one-year catalyst 

production metal deposition can be done in parallel with the purification of the next catalyst 

batch. If the total working time of 2000 h/y is considered, 100 batches of catalyst can be 

prepared. Thus, we assume a scale of 5000 g catalyst per year. The type of precursor 

determines the type of chemicals needed and their quantities. For the extrapolated one-year 

case, it is assumed that all purified HPS is used for impregnation of only one metal.  

The prepared catalysts were tested in the oxidation of glucose towards gluconic acid 

(Pd/HPS catalyst), hydrogenation of glucose to sorbitol (Ru/HPS catalyst) and 

hydrogenation of 1,2-dimethyl-ethynyl-carbinol (DMEC) to form 1,2-dimethyl-vinyl-

carbinol (DMVC) (Pd/HPS catalyst). All tests were performed at TTU. Scheme 5.1 shows 

the reactions under study. 
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1)          2) 

 
Scheme 5.1.  1) Glucose oxidation towards gluconic acid and hydrogenation towards sorbitol; 2) 

DMEC hydrogenation to DMVC 
 

5.3.2. Enzymes supported on a nanospring support 

Nanosprings used as support for enzymes are helical silicon dioxide nanowires which 

provide a high specific surface area (> 350 m2/g), almost 100 % porosity, a high mechanical 

stability and permeability and a low functional loss.30 Nanosprings are successfully used as 

a support for metal catalyst particles but also various enzymes could be immobilized by 

forming a covalent bond between the functionalized substrate and the free enzyme groups.30 

The procedure for nanosprings functionalization is described elsewhere, see Schilke et al.31. 

Here the main steps which are essential for understanding the cost analysis are briefly 

explained. Nanosprings are produced with a proprietary atmospheric chemical vapor 

deposition process at GoNano Technologies Inc. They are further coated onto a glass or 

stainless steel mesh substrate and functionalized to be able to bind enzymes. 

Functionalization can be done using a silane coupling agent such as MPTMS (3-

mercaptopropyltrimethoxysilane). Free enzymes may be modified prior to the 

immobilization in order to activate their lysine residues and enable attachment to the 

nanosprings. If available, cysteine residues may also be used for the attachment omitting 

the enzyme modification step. The enzyme immobilization is achieved by pumping the 

enzyme solution through the reactor, with a low flow rate (0.1 mL/min) which is sufficient 

for forming a disulfide bond between the enzyme and nanosprings.  
Apart from the enzyme immobilization, a development has been done in implementing the 

support into a microreactor. A single porous plate flow reactor with nanosprings on a glass 

slide has been used in this work. The reactor and the nanospring slide are shown in Figure 

 

H2 
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5.4. Each slide has approximately 10 mg of nanosprings and can accommodate a different 

amount of the enzymes, depending on its size and structure. 

 
Figure 5.4. a) A schematic representation of the enzymatic plate flow reactor, b) reactor assembled, c) 

nanospring mat 

Three types of enzymes (β-galactosidase, glucose oxidase and threonine aldolase) have 

been immobilized and analyzed for cost estimation, as presented in Table 5.2. They belong 

to various enzyme groups (hydrolase, oxido-reductase and lyase, respectively) and have 

different characteristics. Their availability and cost price are quite diverse. Therefore, this 

small analysis provides a wide range of economical scenarios and has nonetheless a generic 

character.  

Table 5.2. Enzymes under study for cost analysis 

Enzyme Amount 

immobilized 

(mg) 

Theoretical 

loading (mg) for 

10 mg NS sample 

Test reaction 

β-galactosidase (GOD) 15.0 100 o-NPG hydrolysis 
Glucose oxidase (GO) 18.3 20 Glucose oxidation 
Threonine aldolase(TA) 2.6 8 Phenylserine synthesis 

The immobilization of β-galactosidase has been performed by GoNano Technologies, and 

its activity was tested with the model reaction of ortho-Nitrophenyl-β-galactoside (o-NPG) 

hydrolysis towards galactose, see Scheme 5.2. GOD has been used here as an example of a 

widely available enzyme with a high potential for industrial use. 

 
Scheme 5.2. o-NPG hydrolysis to galactose 

a) b) c)

Top plate

PTFE gasket

Nanosprings mat

Bottom plate
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The immobilization of Threonine aldolase (TA) had been previously performed in our 

laboratory, guided by the hypothesis that an improvement in TA operational stability and 

substrate specificity may be partially achieved by immobilization and subsequent 

application into microreactors (see Fu et al.32) The TA was tested in the aldol synthesis of 

phenylserine as shown in Scheme 5.3. After the decarboxylation of phenylserine the amino 

alcohol is formed. Instead of having glycine as a starting material, other amino acids can be 

also used for synthesis of higher amino alcohols. In this manner, TA is an example of a 

relatively expensive enzyme with a low availability used for the synthesis of high added-

value products. 

 
Scheme 5.3. Aldol synthesis of phenylserine 

 

Unlike the other two enzymes, immobilization of glucose oxidase was done in a less 

demanding manner omitting the enzyme modification step and performing the -S-S- 

connection with the support through the available cysteine residues. However, this method 

yields lower activity retention than an immobilization by using the lysine residues, so an 

evaluation of the immobilization efficiency versus immobilization costs needs to be done.  

 

5.3.3. Design criteria for catalyst synthesis on a lab scale 

In the current analysis, we examine the following stages in catalyst preparation and use: 

- Support preparation, 

- Deposition of catalytically active substances (method, materials, energy 

requirements, duration), 

- Catalyst application, 

- Recycling of catalyst.  

Extrapolation to one-year continuous preparation assumes that the catalyst is prepared 

during 2000 h/y and the amount possible to produce is calculated on that base. Other 

assumptions and design criteria are listed in Table 5.3. 
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Table 5.3. Design criteria and assumptions for catalyst cost analysis 

Assumed item Considerations 

Equipment[a] cost 
Only main equipment such as pumps, balances, stirrers is 
considered. Cost of glassware 200 €/y. 

Equipment life time 10 years 

Equipment utilization 
Per hour in base case scenarios, yearly occupancy in projected 
scenarios 

Labor cost 
Based on local average salary, USA 27000 €/y, Netherlands 40000 
€/y, Russia 15000 €/y 

Labor requirements 1 full time operator/technician, 2000 h/y 

Chemical prices Catalogue prices (Sigma Aldrich) 

HPS/metal:  

Reference case  
Limiting step  
Extrapolated case 

 
Treatment of 50 g of HPS support  
Equipment capacity 
5000 g HPS 

	anosprings:  
Production 

 
Atmospheric chemical vapor deposition. Steps considered in cost 
calculations are functionalization and enzyme immobilization. 

Cost of non-
functionalized 
Nanosprings 

0.92 €/sample 

Sample dimensions 7.5 × 2.5 cm2, 60 - 100 µm thickness 
Batch size[b]  
Extrapolated case 

samples/batch 
Depends on the type of enzyme to be immobilized 

[a] A lab scale equipment is considered 
[b] Term “batch” refers to the number of samples that can be prepared in parallel. 

 

5.4. Results and discussion 

5.4.1. Case study: Metal nanoparticles on an HPS support 

Catalyst development cost. With the data on catalyst preparation and using the 

assumptions stated before, the cost structure shown in Figure 5.5 has been obtained for the 

base case and the extrapolated case. Data used to calculate the costs are summarized in the 

Appendix. 
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Figure 5.5. Main cost contribution in the preparation of HPS based metal catalysts for the (a) base 
case, (b) extrapolated one-year case: ■ - chemicals, ■ - labor, ■ - equipment, ■ – energy 

 

The results in Figure 5.5 demonstrate that for both cases the cost of labor and the chemicals 

are dominant, while equipment and energy cost can be neglected. Moreover, for the base 

case, the cost of 0.1 % Pd catalyst is much higher than for other catalysts, which can be 

explained by the lower mass of catalyst treated (1 g of catalyst has been synthesized in one 
batch instead of 3 g for other cases). The catalyst preparation cost is 2-3 times lower if the 

preparation procedure is extrapolated, and this is due to the lower cost of labor and 

chemicals for a larger scale. The cost of palladium impregnated catalysts is the lowest, due 

to the lower cost of the precursor and low requirements for materials. The metal content is 

not proportional to the cost increase, since amount of other materials also influences cost. 

The ruthenium based catalyst has the highest preparation cost due to the cost of the 

ruthenium precursor, the high precursor amount needed and the high price of the other 

chemicals needed.  

This analysis gives an indication of the preparation costs of Pt, Pd and Ru nanoparticles 

supported on a polymeric HPS support. The values obtained for the extrapolated case are 

further used for examining the catalyst process cost and the influences of various cost 

contributors. The effect of production scale, material cost and labor intensity has been 

investigated for the synthesis of 0.1% Pd/HPS catalyst, as shown in Figure 5.6. 

The change of the labor and material costs is directly proportional to the catalyst cost 

change. The effect of production scale is more complex since the change of scale influences 

both equipment and labor cost. Due to the large material cost contribution, increase of scale 

reduces the total cost only to a small extent (increase of production scale by 20 % decreases 

costs by 11 %). However, a decrease of production scale to less than 80 % increases total 

costs considerably. By varying the cost of materials and labor for ± 30 %, the cost of 0.1 % 

Pd/HPS catalyst was determined to be between 8.7 – 10.5 €/g. This cost range is used for 
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the analysis of the catalyst process cost. Similarly, for 3 % Pt/HPS a cost range of 13.4 – 

15.2 €/g was determined, while for 0.5 % Pd/HPS and 0.1% Ru/HPS cost ranges of 8.4 – 

10.2 €/g and 15.3 – 17.1 €/g were determined, respectively. 

 
Figure 5.6. Influence of cost of materials (∆), cost of labor (□) and production scale (◊) to the overall 

catalyst cost. (Reference case here refers to the synthesis of 5000 g of 0.1% Pd/HPS catalyst, with 
labor cost of 3 €/g and material cost of 6.53 €/g) 

Recently, industrial scale synthesis of prototype HPS-based catalysts has been realized by 
Clariant, one of the partners in POLYCAT project. Based on their calculations, for the 

production of up to 1 kg/day, the cost of Ru/HPS catalyst is 376 €/kg (see Appendix) which 

is a realistic 20-fold price reduction as compared with the lab scale price. The main cost 

reduction actually comes from the differences in the price of Ru precursor and the fixed 

cost contribution.  

Catalyst process cost. Previously prepared Pd and Ru nanoparticles on a HPS support have 

been tested in three model reactions: the oxidation of glucose, the hydrogenation of glucose 

and the hydrogenation of DMEC, see Scheme 5.1. Based on the maximum obtained yields 

under the optimal operating conditions, the catalyst process cost and the minimum number 

of catalyst recycles needed to have a profitable process have been calculated.  

For example, the glucose oxidation to gluconic acid has been performed in batch tests with 

a 0.5 % Pd/HPS catalyst. With 0.35 g of catalyst and 3 g of substrate in 400 min reaction 

time, 99.2 % yield was obtained. Knowing the gluconic acid price of 0.1 €/g on a small 

scale (source Sigma Aldrich), it is possible to calculate the cost of the used catalyst and the 

number of catalyst recycles needed to have an economically beneficial catalyst. A catalyst 

is considered to be economically beneficial for a certain process if it contributes to a 

maximum of 10 % of the total product cost.1 Therefore, 

Nreuse = 
"#"$%&# '(&# )*� +"#',-�(�.'# '(&#∙�.�                     (2) 
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Table 5.4 summarizes the estimated catalyst process costs based on the extrapolated 

catalyst cost values. 

Table 5.4 Cost data for the three studied reaction examples 

Metal catalyst 0.5% Pd 0.74% Ru[b] 3 % Ru[b] 0.1 % Pd from 
Pd(CH3COO)2   

0.1 % Pd, from 
PdCl2(CH3CN)2 

Reaction 
 

Glucose 
oxidation 

Glucose 
oxidation 

Glucose 
hydrogenation 

DMEC 
hydrogenation 

DMEC 
hydrogenation 

Catalyst loading, g 0.35 0.1 0.4 0.05 0.1 
Catalyst cost (€) 2.9-3.6  1.4-2.2 8.0-10.4 0.44-0.52 0.88-1.04 
Substrate loading, g 3  1.6 14.4 2 2 
Product yield, % 95  97  2.7 92 92 
Product cost (€/g)[a] 0.1 0.1 0.2 0.2 0.2 
Catalyst cost per 
one batch (€/g prod) 

0.94-1.15 0.82-1.29 20.5-26.7 0.23-0.28 0.47-0.55 

Number of reuses 
needed 

94-115 80-130 1020-3340 12-14 24-28 

[a] prices are estimated as lab-scale catalogue prices 
[b] Catalyst cost is not known, it is estimated from the cost of 0.1% Ru/HPS 

 

It is realistic to assume that a good catalyst on a lab scale can be reused for about 50 

cycles33, (the term “number of reuses” is defined here as number of repeated reaction cycles 

with one catalyst batch). It means that, for the given assumptions, the DMEC 

hydrogenation reaction with an HPS based catalyst would be most economical. Both 

studied chemical transformations of glucose catalyzed by Pd and Ru nanoparticles require 

very long recycling of catalyst, what can practically not be achieved with maintaining a 

good catalyst activity. 

With the reaction parameters used in these experiments, only DMEC hydrogenation 

reaction can be efficiently performed with HPS based catalysts. A low catalyst deactivation 

rate is also allowed, so that the catalyst can be reused a multiple number of times (up to ~ 

50). Due to the low product costs and currently low yield of sorbitol, glucose hydrogenation 

and oxidation would not be economically beneficial with the HPS based catalyst.  

This small-scale preparation of polymer supported metal nanoparticle catalysts can be 

economically used in organic reactions when a small amount of catalyst will provide a good 

yield such as it is the case in DMEC hydrogenation. Industrial scale production of HPS-

based catalysts has already been initiated. A facility with the capacity up to 1 kg/day has 

been developed by one of the POLYCAT project partners with the first production trials 

showing an efficient, cost competitive synthesis.    
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5.4.2. Case study: Enzymes immobilized on a nanospring support 

Catalyst development cost. The preparation costs for the three studied enzymes for the 

extrapolated one-year case are shown in Figure 5.7. The costs are given in €/sample. Since 

samples contain different amounts of enzyme, the price per gram of enzyme is also shown. 

Data used to calculate the costs are summarized in the Appendix. 

 
Figure 5.7. Immobilization costs of enzymes for the extrapolated one-year case: ■ - labor, ■ - 

equipment, ■ - enzyme immobilization (material cost), ■ - nanospring thiolation (material cost), ■ - 
enzyme modification (material cost) 

The cost of enzyme modification, if applicable, dominates the overall material costs. 

Nanosprings thiolation and enzyme immobilization have only a small contribution to the 

total cost, as only a small amount of reagents is needed in these steps. The capital cost here 

refers to the cost of main laboratory equipment, and the labor cost depends on the total 

number of samples produced (β-galactosidase – 12,500 samples, glucose oxidase – 37,500 

samples, threonine aldolase – 12,500 samples).  

The change of enzyme development cost with the variation of batch size, the amount of 

enzyme introduced and the material costs is shown for the case of threonine aldolase 

immobilization in Figure 5.8. Variations in cost are related to the cost distribution presented 

in Figure 5.7 meaning that a change in cost of materials is more influential than a change in 

labor cost. A change in batch size, i.e. the number of samples prepared in one batch is 

related to the cost of labor. By varying the cost of materials and labor by ± 30 %, the cost of 

TA was determined to be between 7.3-9.5 €/sample. Similarly, the cost of GOD would be 

15.7-20.3 €/sample and of GO 3.3-4.2 €/sample. 

225 €/g 

5153 €/g 

408 €/g 

0

2

4

6

8

10

12

14

16

18

beta-GalactosidaseThreonine aldolase Glucose oxidase

N
S

 c
os

t (
€/

sa
m

pl
e)



Catalyst cost contribution  113 
 

 
 

 
Figure 5.8. Catalyst cost increase with changes in cost of materials (□), cost of labor (∆) and 

production scale (◊), for threonine aldolase immobilization on Nanosprings. (Reference case here 
refers to the preparation of 50 samples per batch, with a labor cost of 40,000 €/y and a material cost of 

4.11 €/sample.) 

Catalyst process cost. As indicated above, the absolute cost of a catalyst is not the only 

determining factor in the overall economical scenario. Rather the reaction/application and 

its market have their decisive cost footprint. Table 5.5 shows relations between product 

price and catalyst cost for the three model reactions performed in the flow microreactor. 

Table 5.5. Process costs for three studied enzymes immobilized on Nanosprings 

Enzyme used  β-Galactosidase Glucose oxidase Threonine aldolase 

Target product  galactose gluconic acid phenyl ethanolamine[b]
 

Enzyme immobilized, g  0.015 0.018 0.026 
Catalyst cost (€)  15.7-20.3 3.3-4.2 7.3-9.5 
Substrate loading, mg  15 12.6 10 

Product yield, %  90 50  23 

Product price[a], (€/g) 0.7 0.1 8.4 

Catalyst cost per one 
run, €/gprod  

1900-2500 500-600 2400-3200 

Number of reuses 
needed 

> 10000 > 10000 3000-4000 

[a]  Small scale catalogue prices 
[b] Phenyl ethanolamine is synthesized in two steps, i.e., an aldol reaction followed by a 
decarboxylation reaction.  
 

The final cost of the catalyst depends on the number of reuses possible with one 

preparation. No loss of activity is considered for reasons of simplicity and also lack of data. 

One nanospring mat would need to be recycled a couple of thousand times in order to have 
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an economically beneficial process. This is certainly very high and not at all a realistic 

number for a lab scale reaction. This is mainly due to the low added value of the final 

products. Also, it has to be noted that the product yield in the examples above can still be 

optimized, which will slightly decrease the final catalyst cost. 

The last column of Table 5.5 refers to the reaction with the threonine aldolase enzyme, 

which is used in synthesis of various amino alcohols. Amino alcohols are high added-value 

products whose price ranges from several Euros to several thousands of Euros per gram 

(considering small scale manufacture – source: Sigma Aldrich and Acros Organics for the 

year 2012: phenylethanolamine 8.4 €/g, norepinephrine 281 €/g, 4-borono L-phenylalanine 

716 €/g, sphingosine 2940 €/g). Therefore, these products allow for much higher catalyst 

cost. Assuming that cost of enzyme contributes to 10 % of the total process cost and that 
final product yield is close to that of phenylserine, we calculated a minimum number of 

enzyme reuses needed for an economically acceptable synthesis of various amino alcohols 

on a small scale (see Figure 5.9). 

 
Figure 5.9. Minimum number of enzyme reuses for economically acceptable synthesis of various 

amino alcohols. 

According to Figure 5.9, for a product price of 100 €/g, still a high number of catalyst 

reuses is needed, ~390. This presents as well the quantity of product needed to be produced. 

If the target product value is higher than 1000 €/g, the resulting number of recycles is 

already acceptable (39 cycles). For the product valued up to 2000 €/g only 20 cycles would 

be required (not shown on the graph), which is possible to be achieved even on a lab scale.  

Amino alcohols are only one example standing for a large diversity of high added value 

products. Moreover, prices used here are catalogue company prices and they do not 

necessarily represent chemicals mentioned in the text. The important information presented 

here is the price range determined, confirming that the window of economically beneficial 

use of enzymes immobilized on novel supports is for syntheses of high-value chemicals. 

The adjustable structure of nanosprings makes them particularly interesting for applications 
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in microreactors, where a considerable amount of enzymes can be immobilized within a 

limited reactor volume, thereby enabling process intensification. 

5.5. Conclusions and outlook 

This work presents a methodology and cost guidelines for preparation and use of two 

catalyst types: polymer supported metal nanoparticles and enzymes immobilized on a 

nanospring support. A lab scale preparation has been used as a basis for the cost analysis, 

although in order to have more realistic labor and equipment cost values, the data have been 

extrapolated to a one year continuous production. The catalysts are evaluated for 

application in organic syntheses: oxidation and hydrogenation reactions, hydrolysis and 

synthesis of amino alcohols. Main limitations in application of these catalyst systems are 

their high preparation costs. Yet, depending on the application and reaction yields, high 

absolute catalyst costs can be tolerated. In the case of HPS supported metal catalysts, Pd 

nanoparticles are shown to be a suitable catalyst for use in DMEC hydrogenation reaction, 

with only 12-14 reuses required, while other catalyst-reaction combinations were not 

economical due to the low product yield (and cost) as well as the high catalyst loading 

required.   

On the other hand, the use of expensive immobilized enzymes is economically viable only 

if the target products are high added-value chemicals. The high cost of enzymes is 

overcome by the high product cost margins when recycling the catalyst system only for a 

reasonable number of times, which should not be higher than 100. Novel enzyme supports, 
which are often more expensive than other commercial materials, have potential in new 

reactions and reactor developments. The studied catalysts are suitable for use in 

microchannels or other forms of micro-structured reactors. A progress in this direction is 

the study of the use of HPS-supported catalysts washcoated on a microchannel wall, as well 

as an improved enzymatic microreactor which can accommodate a much higher enzyme 

amount. Stable and active enzymes allow here for high productivities per mass of enzyme, 

while reactor micro dimensions take care for a higher overall conversion and production 

rates.  

In the course of POLYCAT project, other nanoparticulate catalysts are being considered. 

For instance, magnetic nanoparticles in the presence of dendrons have been synthesized by 

INEOS, Russia.34 They showed good selectivity and stability in hydrogenation of DMEC. 

Pd and Ru nanoparticles within PMMA microgel particles have been supported onto glass 

substrate by FORTH, Greece.35 Au and Pt nanoparticles containing spherical 

polyelectrolyte brushes have been adsorbed on different substrates by HZB in Germany. 

Costs of these developments are still to be considered. Moreover, many of the catalysts are 

potentially suitable for catalyzing the industrial process which is described in the next 

chapter of this thesis. Finding the most stable and active nanoparticulate catalyst for 

industrial conditions is an important goal of the project and can give considerable benefits 

to the process. 
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	omenclature 

DMEC  1,2-dimethyl-ethynyl-carbinol 

DMVC               1,2-dimethyl-vinyl-carbinol 

GO  glucose oxidase 

GOD  galactosidase 

HPS  hyper cross-linked polystyrene 

MPTMS               3-mercaptopropyltrimethoxysilane 
NP  nanoparticles 

NS  nanospring 

o-NPG  ortho-Nitrophenyl-β-galactoside 

PMMA                 poly(methyl methacrylate)  

TA  threonine aldolase 

5.6. Appendix 

5.6.1. Metal nanoparticles on HPS support - base case 

a) HPS purification cost   

Table A5.1. Equipment cost 

                                                 
1 https://us.vwr.com/ 
2 www.labdepotinc.com 
3 www.coleparmer.com 

Equipment Cost ($) Source Lifetime Annual cost 

Bunsen flask 226.0 VWR1 1 226.0 

Porcelain filter 9.8 The Lab Depot Inc.2 1 9.8 

Vacuum pump 446.0 The Lab Depot Inc. 10 44.6 

Porcelain mortar 10.7 The Lab Depot Inc. 1 10.7 

Sieve 133.4 The Lab Depot Inc. 10 13.3 

Rotary evaporator 3540.0 Cole-Parmer3 10 354.0 

Extraction device 219.8 Cole-Parmer 10 22.0 

Other glassware 200.0 approximation 1 200.0 

TOTAL  
880.4 $ 

657.0 € 
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Table A5.2. Material cost 

Materials Cost (€/L) Quantity 

Crude HPS  7.5 50 g 

Demi- water 1.0 2.5 l 

Acetone 17.3 0.15 l 

Ethanol 78.0 0.5 l 

Isopropanol 49.6 0.5 l 

Toluene 44.3 0.5 l 

TOTAL 91.6 €/batch  

Table A 5.3. Energy cost (specific cost 0.47 $/kWh) 

Vacuum pump Evaporator 

Power 190 W 1300 W  

Operating time 0.5 h 5 h 

Energy used 0.19 kWh 13 kWh 
Energy cost 0.0893 $/batch 6.11 $/batch 
TOTAL 4.6 €/batch 

 

Table A5.4. Labor cost 

Labor Base case  Extrapolated case 

Operation time 20 h  2000 h 
Number of 
operators 1  1 

Operator cost 7.5 €/h 15000 €/year 

LABOR COST 150 € 15000 € 
 

b) Metal impregnation 

 

Table A5.5. Equipment and energy cost 

Equipment Cost ($) Source Lifetime Annual cost 

Porcelain vessels 40 approximation 1 40 

Electronic balance 604 Lab Depot Inc. 10 60.4 

Exsiccator 152 Lab Depot Inc. 10 15.2 

Bunsen flask 226 Lab Depot Inc. 1 226 

Porcelain filter 10 Lab Depot Inc. 1 10 

Vacuum pump 446  Cole-Parmer 10 44.6 

TOTAL 
396 $ 

296 €  
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Energy         

  
 

  Vacuum pump 0.19 kWh 

TOTAL 0.09 $ 
 
Table A5.6. Cost of materials and labor 

Substance Cost Quantity 

  3 % Pt/HPS 0.1 % Pd/HPS 0.5 % Pd/HPS 3 % Ru/HPS 

THF 90.0 €/L 8 mL 3 mL 10 mL 8 mL 

H2PtCl6 64.2 €/g 0.24 g - - - 

Pd(CH3COO)2 69.0 €/g - 0.0024 g 0.035 g - 

Na2CO3 0.48 €/g 2.75 g 0.22 g 0.25 g - 

H2O 1.0 €/L 1 L 1 L 1 L 1 L 

CH3OH 20.8 €/L - - - 1 mL 

Ru(OH)Cl3 51.8 €/g - - - 0.385 g 

NaOH 0.03 €/g - - - 40 mL 

H2O2 23.0 €/L - - - 4 mL 

TOTAL  6.15 €/g 1.47 €/g 1.13 €/g 8.00 €/g 

Labor     

Operator costs       7.5 €/h  

Operating 
time 

6 h 6 h 7 h       6 h 

Labor cost 45 € 45 € 52.5 € 45  

c)  Total catalyst cost 

Table A5.7. Total catalyst preparation cost 

Catalyst Base case (€/g) Extrapolated case (€/g) 

3 % Pt/HPS 29.1 14.3 

0.1 % Pd/HPS 60.2 9.6 

0.5 % Pd/HPS 24.1 9.3 

3 % Ru/HPS 30.9 16.2 
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d) Industrial scale synthesis by Clariant AG4 

Table A5.8. Catalyst cost at Clariant AG 

Item of expenses Consumption Cost, €/unit Cost, €/kgcat 
Raw materials 
Support HPS 
(MN100)  

1.010 kg  16.1 EUR/kg  16.261  

Ru(OH)Cl3  68.2 g  2.53 EUR/g  172.55  
H20 deionized  10 liters  1.0 EUR/l  10.0  
Hydrogen  200 Nl  0.0055 EUR/l  1.1  
Processing 
Auxiliary materials: 
Filters  

20 items  0.3 EUR/item  6.0  

Energy (drying, 
vacuum)  

90 kWt  0.11 EUR/kWt  9.9  

Personnel cost  4 persons  750 EUR (salary)/30  100  
Overheads   60 
  TOTAL 375.8 

 

5.6.2. Enzymes on nanosprings 

 
Table A5.9. Equipment cost 

Equipment Cost ($) Description Lifetime Used in 

Desalting column 
14.5 Zeba-spin desalting 

column, 7 K MWCO 
1 Enzyme 

modification 
Flasks 28.5  1 // 
Vials 67.2 per pack 1 // 

Oven 1150 
 25 NS 

thiolation 
Other glassware 150  1 // 
TOTAL cost  

 
 306.2 $ 

228.5 € 
 

 

Table A5.10. Nanospring thiolation 

Material Quantity Cost 

MPTMS 0.5 g 0.53 €/g 

acetone 10 mL 20.4 €/L 

PBS buffer 10 mL 8 €/L 

Cost/sample 0.55 € 

Preparation time 1 h 

Labor (USA) 1  27000 €/year 

                                                 
4 Data cordially provided by Clariant AG 
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Table A5.11. Enzyme immobilization  

Material cost Quantity 

 GOD GO TA 

Enzyme 

modification 

 
 

  

Enzyme 13.3 €/g (GOD) 
16.67 €/g (GO) 
1024 €/g (TA) 

40 mg 10 mg 1.6 mg 

SPDP 3435 €/g 3 mg - 3 mg 

DMSO 63.3 €/L 0.5 mL - 0.5 mL 

buffer 8 €/L 110 mL - 110 mL 

Cost/sample  11.75 € - 2.63 €  

Preparation time  4.5 h - 4.5 h 

Immobilization    

Buffer 8 €/L 100 mL 
SDS 1.33 €/g 0.1 g 
Cost/sample  0.93 € 

Prep. time  2.5 h 2 h 2.5 h 
Received NS 
sample  

      0.92 €/sample 

Total number of 
samples  

12500 37500 12500 

Labor cost     
(USA, NL, NL)  27000 €/y 40000 €/y 40000 €/y 

 2.16 €/sample 1.07 €/sample 3.2 €/sample 
TOTAL COST, 
€/sample  

16.64 3.67 8.24 
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Abstract 

A methodology for techno-economic evaluation of optimization and intensification of a 

pharmaceutical process is presented. A batch process for the production of a low-volume, 

high value active pharmaceutical ingredient, developed at Sanofi (France), has been used as 

a case study. With a scale of 100 kg/y and a product price of a few thousands Euros per 

kilogram, also following a general trend in pharmaceutical industry, this process is an ideal 

candidate for continuous, modular plant production of a highly potent drug and stands for a 

whole class of similar compounds. The impact of various chemical process parameters on 

the overall production costs has been investigated and process performance has been 

represented in terms of operation time, waste and resource usage as the main process 

metrics. Six optimized and intensified scenarios were compared to the reference case 

operated at the Sanofi site: intensified reaction, continuous processing, change of solvent, 

change in the purification sequence, recovery of the key product and intensified drying 

option. The analysis has shown that, under the assumptions used, an intensified millireactor 

based process with a subsequent continuous post-processing brings the most benefits both 

in terms of cost and performance. The total product cost has been reduced for 37 %, while 

the operating time was 27 % lower than the base case, with 26 % less waste and 46 % less 

labor needed compared to the reference case. The results are now undergoing experimental 

validation in the newly developed compact container plant of Evonik.  
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6.1. Introduction 

Traditional batch production of pharmaceuticals is facing challenges due to increased 

market demands, strong competition and fast technology developments.1 Radical process 

improvements are needed that will lead to more productive and cost-efficient routes, in the 

same time maintaining or even improving the product stability and performance. 

Significant product improvements and economical benefits in the pharmaceutical sector 

have already been obtained by continuous operation.2,3 The status of industrial 

implementation of continuous processing is being followed by the American Chemical 

Society (ACS) Green Chemical Institute (GCI).4–6 ACS GCI and 15 corporations founded 

in 2005 the Pharmaceutical Roundtable with a goal to “reflect the joint belief that the 

pursuit of green chemistry and engineering is imperative for a sustainable business and 

environment.”7 From the survey done in this framework, the strongest drivers towards 

continuous operation are found to be the reduction of cost and waste, improved safety and 

an increase of process sustainability, while the biggest hurdles in applying the continuous 

operation are the investment required for novel technologies, uncertainty and lack of 

experience.4,7 

Together with continuous operation, process intensification is recognized as another “key 

green engineering research area for sustainable manufacturing”. The use of micro 

structured equipment is seen as an effective mean to intensify a process allowing increasing 

selectivity due to low time constant of mixing. Therewith novel operating windows and 
novel, so far unattainable chemistries are made possible, which are very often needed in the 

synthesis of complex pharmaceutical compounds.8–12 It is also evident that miniaturized 

reactors and micro-scale equipment in general do make their mark in pharmaceutical 

manufacturing. Leading pharmaceutical companies agree about the customers-based need 

for microreactor technology and in various examples demonstrate that microreactors are 

valuable industrial reactors for the production of pharmaceuticals. Overview of recent 

syntheses of pharmaceutical compounds performed in microreactors are given by Wirth10, 

Thomas13 and references therein. 

Large pharmaceutical companies show the largest interest in investing in novel or 

alternative technologies. They aim to support the principles of green chemistry and 

sustainability as much as possible, with green solvents, green catalysts, continuous 

operaration and process intensification.14 In this work we have closely collaborated with a 

world global healthcare leader, Sanofi, in their strive for intensified production of 

pharmaceuticals. The goal of this study was to perform an ex-ante process and cost analysis 

for the intensified production of pharmaceuticals, in order to ensure the competitiveness 

and sustainability of the technology. In this chapter results on process and cost analysis are 

presented in the attempt to: first - optimize a key production stage in the active 

pharmaceutical ingredient (API) synthesis by looking at main bottlenecks in the process, 
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and second – intensify the process by switching from batch operation to a continuous 

compact plant. By offering the first estimation of benefits versus costs the early stage of 

process development is facilitated, suggestions on possible improvement within the process 

are given and a methodology that can be used for any other similar process study is 

explained in detail. 

6.2. Process description 

There has been a growing interest at Sanofi in investigating faster, cheaper and more 

productive process routes by applying process intensification principles and green 

chemistry. This work focuses on one key intermediate step in their synthesis of an API - a 

selective hydrogenation of a nitro group in the presence of an alkene and subsequent 

product isolation. The targeted API is currently in the Phase III clinical trials for the 

treatment of advanced-stage tumors. 

Hydrogenation is a very frequently performed step in pharmaceutical synthesis. Therefore, 

this study can be considered in a broader sense as a model for similar chemical 

transformations. The main reaction is the selective nitro group hydrogenation to the 

respective Z- and E - amino compounds of which the Z-compound is the economically 

valuable isomer (Scheme 6.1). Further, catalyst filtration, solvent sweep and an 

acidification reaction occur. In this second reaction step the main by-product (the E-amino 

compound) is retained in the solid form and filtrated from the mixture. At last, after the 

second solvent sweep and distillation step, the product is generated in the solid form and 

dried under vacuum. The production scale is 100 kg/year which indicates a very expensive 

low-volume pharmaceutical. The main reagents will further be denoted as the key input 

material (KIM) and the desired product as the key output material (KOM). A generic 

scheme of a nitro group reduction process is shown in Figure 6.1. Due to confidentiality 

reasons no further details about those chemical compounds can be given.  

 

 
 

Scheme 6.1. Selective nitro group reduction in the presence of double bond 

Although successfully practiced, the current manufacturing route at Sanofi is time intensive 

and gives a relatively low yield due to low chemoselectivity and isomerization. The goal of 

this analysis is to identify the main bottlenecks in the process, to propose an improved, 

preferably continuous process with an increase in yield and a decrease of process time 

compared to the current process, and to give an indication of the cost benefits of the new 

alternatives. This multi level analysis examines the process on catalyst (i.e. locus of 
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reaction), reactor, separation as well as on the entire plant level. It gives suggestions on 

individual optimization/intensification points, but also perceives the holistic picture and 

proposes the most feasible and cost-effective alternatives. The methodology used in this 

work can be applied to any other pharmaceutical process and is expected to facilitate the 

ex-ante comparison between batch and continuous processing of pharmaceuticals. 

 
Figure 6.1. Process scheme - nitro group hydrogenation  

6.3. Methodology 

Two complementary methodologies to screen process options and to generate cost-effective 

alternatives, one dealing with batch processes primarily, and the second focusing on 

continuous chemical processes are proposed by Carvalho et al.15 and Uerdingen et al.16 , 

respectively. In order to explore the intensification potential as well, we have included 

some additional steps for defining the process intensification (PI) technology and its 

potential benefit. The work-flow for this combined methodology is given in Figure 6.2. 
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Figure 6.2. Work flow for proposition of retrofit and intensification options 

According to Figure 6.2 the first step is an extensive literature search, with a focus on 

process definition and benchmarking. After the generation of the mass and energy balance 

from the process simulation, the reference case is analyzed on mass, energy and process 

indicators. The output in terms of bottleneck definition and optimization options is then 

used to form a set of PI criteria to define the intensification potential and the possible 

industrial implementation. The options selected based on the two previous steps form 

scenarios for further evaluation on performance and cost benefits. 

6.3.1. Indicator based analysis 

In order to analyze the state-of-the-art process, to identify the limiting factors and to 

propose process optimization, a methodology for identifying and screening the retrofit 

potential of a chemical process is used. A detailed description about the indicator based 

analysis can be found in Uerdingen et al.16 and Carvalho et al.17 We have applied only the 

screening part of the retrofit design method developed by Uerdingen et al.16, following the 

four-step procedure shown in Figure 6.3. 

In Step 1 the flowsheet of the investigated process is transformed to a process graph which 

consists of all unit operations, all inlet, outlet and intermediate streams (see Figure 6.4). All 

process stream flows are transformed into path flows of the components involved in the 

process. Only open paths are analyzed here (because there are no recycles in the process). 

An open path is defined as a trajectory of a component from its entrance in the process 

(input or generation by chemical reaction) to its exit (output or consumption by chemical 

reaction).16 All component paths are generated by the Sustain Pro Excel add-in, developed 

by the Gani group.17 The software also calculates the flow rate of each path based on the 

information about quantities involved in each unit operation and the time needed to perform 

the operation. 

In Step 2 a set of mass, energy and batch indicators is calculated for each component path. 

The studied indicators are: 

- Mass value added (MVA) is the change in value of a component in a certain path. 

( )MVA m PP PRc c c c= −ɺ                                  (1) 

 where PPc and PRc are a selling and purchase price of a component, respectively. 
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A high negative value of MVA indicates loss of value along a certain path and hence, a 

potential for improvement.  

- The energy and waste cost (EWC) is the sum of cost of energy (EC) and cost of waste 
disposal (WC). 

       12� = 1� + 2� =  ∑ 56.7. +8.9� :'2;�                        (2) 

where PUu and Qu are price and amount of utilities needed. 

Similarly to the MVA value, high value indicates cost reduction potential. 

- Total value added (TVA) describes the total economic impact as: 

TVA = MVA – EWC                                           (3) 

 

Figure 6.3. Step-wise approach for optimization/intensification potential 

 
Additionally, three batch indicators have been used, based on Carvalho et al.15: 

- Total free volume (TFV) is a fraction of the equipment volume that is not occupied by 
the reaction mixture. High values here indicate a potential for reducing the size of the 

equipment. ;<= =  >?∑ @ABAA>                     (4) 

- Operation time (OT) is the fraction of time that a given operation takes compared to 
the total time taken by the whole sequence of operations. A high value for a certain 

operation indicates a very time demanding operation. C; = #D∑ #DED                     (5) 

- Operation energy (OE) is the fraction of energy used in a given operation compared to 

the total amount of energy consumed. High values here indicate energy demanding 

operations. 
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C1 = FD∑ FDED                      (6) 

The values calculated in Step 2 help in identifying bottlenecks in the system which will be 

discussed in Step 3. Afterwards, retrofit process options are proposed in Step 4 which can 

overcome the observed bottlenecks by optimizing process parameters or implementing new 

structures.   

6.3.2. Process intensification criteria 

A conceptual step-wise approach to achieve process intensification is described by Hessel 

et al.8, 18, reviewing both economical and ecological impact, Lutze et al.19 however focused 

on identifying a set of feasible solutions for PI by generating and evaluating PI options. PI 

needs for the fine chemical and pharmaceutical sector are ranked by the European roadmap 

for process intensification with the conclusion that the biggest interest of these sectors is in 

increasing the selectivity of reactions, and thus the product yield, costs and sustainability.20 

It also states that “moving to integrated and continuous process steps, combined with a 

process design based on thorough understanding of the chemistry (smart catalysts, reaching 

low time constants for heat and mass transfer etc), will reduce the lead times 

considerably”.20 Moreover, the ACS Pharmaceutical Roundtable sees process-design based 

on intensification as an important engineering research area.5 

According to the process intensification strategy, future chemical production must provide 

higher production capacities, reduced energy and raw materials consumption, increased 

safety, and reduced equipment size and waste production.21–23 Using these objectives, we 

have defined a set of metrics and weighted them in order to select between process options, 

as shown in Table 6.1. Their weight is determined based on the project goals and overall 

strategy of the company.  

Table 6.1. Performance metrics 

Metric Class Weight 
Capital cost Economic + 
Operational cost Economic +++ 
Waste Environmental ++ 

Processing time Intensified metric ++ 
Resource usage (energy and 
materials) 

Environmental/ Intensified 
metric 

+++ 

Process complexity Intensified metric + 
Volume (equip. size) Intensified metric + 
Safety Social/economic + 

Operation time, operating costs, waste production and resource usage have been selected as 
the most relevant indicators for improvement, thus they have the highest “weight score”. 
The capital cost (and consequently process complexity) is not detrimental for the overall 
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product cost, thus the lowest weight has been assigned to the improvement of this metric. 
Similarly, safety for this process is considered to be on a high level and an increase in 
safety is not a prime process intensification criterion, although certainl decrease in safety 
should not occur. 

6.4. Results and discussion 

6.4.1. Reference case  

The mass and energy balances for the current batch process (further denoted as the 

Reference case) are obtained from the flow sheet information provided by Sanofi and from 

the Aspen Batch® simulations. The overall mass balance for the Reference case is given in 

Table 6.2. 

The reaction yield is 72 %. Yield due to losses in purification is 86 % while additional 24 % 

of KOM is lost during crystallization, filtration and cake washing operations. Overall 

process yield is therefore: 

Yield = 72 % · 86% · 76 % = 47 % 

Total production time of one batch is 128 h with a 24 h/day schedule during 5 days/week.  

 
Table 6.2. Overall mass balance for the reference case 

Component Input, kg/batch Output, kg/batch 

KIM 8.1 0.8 

Other reagents 5.6 0.7 

Catalyst  0.9 0.9 

Solvent 1* 467.0 467.0 

Solvent 2* 117.1 117.1 

KOM - 3.9 

KOM lost in purification  1.85 

Other products  

CO2 

H2O 

NH3 

-  

2.79 

0.76 

1.08 
By-products 

E-compound 

By-product 1 

By-product 2 

-  

1.25 

0.34 

0.23 
*Solvent 1 belongs to the category of “usable” solvents, based on solvent selection guide from Pfizer, 
while Solvent 2 is already a benign solvent from the “preferred” category.24  

Cost data. The equipment size indicated by Sanofi is used for the cost estimation. An 

installation factor of 3.45 is considered for the batch process.25 Labor hours and cost of 
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labor is based on the requirements for each equipment part indicated by the SuperPro 

Designer databasea and amounts to 50 – 60 $/hour depending on the equipment. Material 

cost is calculated as 1/10 of a catalogue price 26, except for the KIM for which the cost is 

estimated based on the main costs in the previous production step where KIM is 

synthesized. Waste disposal and utility consumption are estimated based on process 

engineering heuristics as 0.65 $/kg and 1.5 $/kg respectively.2 All costs are expressed in US 

dollar units in order to avoid the conversion factors. Detailed cost tables are presented in 

Appendix. 

Indicator based analysis. When the initial process screening is done the flow sheet can be 

transformed into a process graph, as shown in Figure 6.4. Squares represent unit operations 

and numbered lines are inlet and intermediate streams. 

Figure 6.4. Process graph for the reference case 
 

Totally 112 open paths and 48 accumulation paths are defined using the SustainPro Excel 

add-in. For the illustration purposes, a few open paths are included in Table 6.3 together 

with values of mass and energy indicators (MVA, EWC, TVA). 

As expected, all solvent paths show high negative TVA values, which indicate a big loss of 
material value and a high potential for improvement. For example, OP 106 (Table 6.3) 

shows high potential for both mass and energy cost improvement in the last distillation step 

(Figure 6.1). This improvement can be achieved by influencing the flow rates, selling prices 

or utilities’ amounts. These optimization options are introduced in more detail in the next 

section. 

                                                 
a SuperPro Designer, www.intelligen.com 
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Table 6.3. Selected open path flows 

Component 
path 

Component 
 

OP streams   
(Figure 6.4) 

Flow-rate 
(kg/h) 

MVA, 
k$/y 

EWC, 
k$/y 

TVA, 
k$/y 

OP 1 
Z-nitro 
(KIM) 1-4-5-9 0.02 128.0 0.2 127.8 

OP 3 Solvent 2 10-11 5.21 -48.8 11.1 -59.9 
OP 4 Solvent 2 11-16-17-21 4.10 -38.3 8.7 -47.0 
OP 51 Solvent 1 2-27-30-32 5.08 -193.5 10.7 -204.2 
OP 75 Solvent 1 23-24 4.13 -157.1 8.8 -165.9 
OP 106 Solvent 1 23-27-30-32 31.18 -1187.4 65.7 -1253 
OP 109 Z-amino 4-5-9 0.05 640.0 0.2 639.8 

OP 112 
Z-aminoHCl 
(KOM) 

17-22-25-27-
30-31 

0.02 580.8 0.2 580.6 

 

Values of operation batch indicators (TFV, OT and OE) are shown in Table 6.4.  Vessels of 

400 L volume are used in reaction and separation operations, so the free volume fraction is 

not a critical parameter. The most time consuming operation is product crystallization 

(separation 2), with also the hydrogenation reaction and drying taking considerable time. 

The most energy consuming step is the second separation step. These three indicators help 
in defining critical aspects caused by the batch operating mode and emphasize the drive 

towards continuous operation. 

Table 6.4.  Batch indicators 

Equipment Operation 
Total free 
volume (TFV) 

Operation time 
fraction (OT) 

Operation energy 
fraction (OE) 

Reactor 1 reaction 1 0.30 0.23 0.01 
separation 2 0.13 0.25 0.25 

Reactor 2 separation 1 0.24 0.20 0.63 
reaction 2 0.21 0.05 0.01 

Filter 1 Filtration 1  -  0.02 -  

Filter 2 Filtration 2  -  0.01 -  
Filter Dryer 

Filtration + vacuum 
drying  -  0.23 0.10 

 

With the known values for mass, energy and batch indicators following bottlenecks in the 

system are defined: 

- A relatively low starting concentration is used, which is associated to the large 
amount of solvents and inventory. Too high solvent consumption is responsible for 

value degrading paths; 
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- The high energy and waste cost (EWC) of the paths involved in the second 
separation step (see Table 6.3) indicates a potential for improvement; 

- Intrinsically fast nitro group hydrogenation reaction needs here long time to reach 
the desired conversion of KIM. This indicates problems on the catalyst and mixing 

level. Moreover, as typical for a batch process, reaction time is suited to the 

production schedule without considering the kinetics; 

- The most time consuming operation is separation 1, i.e. solvent sweep; 

- The most energy consuming operations are separation 1 and filter drying. 
Additional limitations are: 

- The formation of E-amino/E-aminoHCl by-products may be considered as a 

bottleneck since it hampers purification of KOM; 

- Losses of the key output material, i.e. the desired product (Z-aminoHCl) in the 

purification section considerably decrease the process efficiency. 

6.4.2. Generation of alternatives  

In this stage, the results from the path flow decomposition and open path analysis are used 

to generate retrofit process options. Based on the values from Table 6.3 and Table 6.4, 

optimization parameters and structural changes are proposed that will contribute in 

removing the bottlenecks in the process and improving process performance. In the 

following part, a generic retrofit action will be described (see Uerdingen et al.16) followed 

by an actual optimization suggestion and a proposition of a retrofit option. 

- Reduce (specific) energy consumption and the open path flow rate at the source. 
In order to reduce the energy consumption, the amount of solvent which is processed in 

the separation part needs to be reduced. This is possible by increasing the KIM 

concentration and/or by changing the solvent. At the same time the flow rate at the 

source is reduced. Specific energy consumption can be decreased by changing the 

separation sequence and by establishing a more efficient separation. Retrofit options: 

(1) increase initial concentration, (2) change the solvent, (3) use direct crystallization; 

- Reduce the open path flow rate in the process. The open paths’ flow rate in the 

process can be reduced by increasing the temperature of reaction 1, thereby achieving a 

higher yield, or lowering the solvent 2 flow rate, which is the most dominant 

component in the Separation 1 step and a contributor to the most open paths flow rates. 

Also the acidification reaction time can be reduced, solvent can be recycled or another 
solvent-sweep technique can be used. Retrofit options: (4) increase Treaction, (5) 

alternate solvent-sweep technique; 

- Replace the component in an open path. The component that can be replaced is the 

solvent 1. Further, if the Z- and E-amino compounds are separated before entering the 

first reactor this will change the open path flows in the process. Retrofit options: (6) 
solvent change, (7) isolate Z-isomer prior to the reaction 1. 
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- Increase (specific) PP value. The total profit of the KOM can be increased by 
increasing the yield, i.e. increasing the initial KIM concentration or reducing waste of 

the KOM. Retrofit options: (8) increase the initial concentration, (9) reduce losses of 

KOM during work-up. 

In a similar manner theoretical PI options were defined for each unit operation resulting 

from a limiting characteristic that they can influence (see Table 6.5). For instance, in the 

reaction section limiting characteristics are catalyst deactivation, a low selectivity towards 

the desired product and therefore a low productivity. The catalyst can be replaced by more 

active polymer supported catalysts which are currently under investigation in the 

POLYCAT project. The PI option that will possibly eliminate the selectivity issue is a 

continuous operation where by-product formation of consecutive reactions can be 

decreased due to lower contact time. When using reactors of micro dimensions space time 

yield can be increased by three orders of magnitude compared to the conventional process 

in a slurry reactor.27 The catalyst filtration step can be eliminated by using a continuously 

operated fixed bed of supported catalyst and a flow reactor, while solvent sweep and/or 

crystallization can be intensified by integrating the steps in a multi-step operation or using 

an intensified distillation concept. A more efficient alternative to the time consuming 

drying operation would be, for example, the use of microwave technology. Overall, the 

entire process can be intensified by switching to continuous operation with more compact 

and dedicated equipment parts. 

Table 6.5. Process intensification options 

Unit operation Limiting 
characteristics 

PI option 

Reaction Catalyst 
Selectivity 
Productivity 

Novel polymer supported catalysts 
Continuously operated reaction (in case of 
consecutive reactions) 
Intensified micro/milli reactor 

Catalyst 
filtration 

N/A Continuous reaction with a fixed bed of catalyst, 
reactive filtration, membrane separation 

Solvent sweep Energy, time Continuous distillation, divided wall column, 
efficient solvent recycling 

Crystallization Complex and time 
consuming 
 

Direct crystallization 
 

Drying Efficiency Microwave drying 

Plant level Time 
Production costs 

Continuous operation 
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6.4.3. Scenario analyses 

Considering the classification from Table 6.5 and previously defined optimization options, 

also following the interests of Sanofi, we have investigated several scenarios for an 

improved process and discussed their technical and economic potential. In this section the 

overall costs of different scenarios have been compared, followed by a technical evaluation 

based on the performance metrics. 

Effect of reaction mode. In the Reference case a conventional stirred tank reactor is used 

to perform the hydrogenation reaction. The reaction occurs over more than 20 h mostly due 

to inefficient mixing, catalyst deactivation and a low catalyst to substrate ratio. A first 

process trial using a continuous H-Cube mini systemb was initiated by Sanofi in order to 

find the best operating conditions, the most suitable catalyst and the optimum residence 

time. After the reaction, the rest of the operations is performed in batch so that the product 

has to be collected in a collection tank until one functional unit is processed. The amount of 

KIM needed to produce 5 kg of KOM is denoted here as one functional unit and it 

corresponds to one batch charge of 8.1 kg of KIM in the reference case. The production 

requirement is 1 kg/day, with a maximum of 100 kg/year.  For this analysis the continuous 

scenario is virtually scaled up, assuming the same large-scale performance as in the lab 

scale. The main parameters for the state-of-the-art batch reactor and the continuously 

operated fixed bed millireactor are collected in Table 6.6. 

Table 6.6. Batch and continuous reactor parameters 

 Batch reactor Continuous reactor* 

Reaction volume 284·10-3 m3 

 

7.6·10-6 m3 

Catalyst Pd/C 

Replaced after one batch 

 

0.9 kg 

Pt-V/C 

Can be reused - activity, stability 

and leaching still to be tested  

680 mg; Bed porosity 0.82 

Hydrogen generation In situ Externally 
Reaction/residence 

time 

~ 24 h 

 

9 s 

 

Initial concentration 30 kg/ m3 30 kg/ m3 

Operating conditions T = 30 ⁰C 

P = 1 bar 

T = 55 ⁰C 

P = 35 bar 

Reaction yield 72 % 81 % 
*Based on current experimental results in the H-Cube mini system 

The production rate can be defined as 

                                                 
b http://thalesnano.com/image/data/brochures/HC_brochure.pdf 
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0
P c xFA l=                      (7) 

From this the required liquid flow rate is calculated to be Fl = 6.8·10-7 m3/s. Figure 6.5 

shows the cost breakdown of the reference case and a scenario with continuous reaction. 

The price of key input material is the biggest cost contributor in both cases. It is 

understandable that, if the cost is the main drive for the improvement, effort should be 

directed to the previous process step where KIM is synthesized. Main cost differences 

between batch and continuous flow reactor based operation are due to lower capital costs 

and increased reaction yield. A higher yield is translated into lower costs for separation and 

purification as well as less labor requirements. For this virtual scenario no catalyst 

deactivation is considered. 

 

            Reference case: 17973 $/kg                         Continuous reaction: 13350 $/kg 

 
 

Figure 6.5. Production cost breakdown – reference case and continuous reaction scenario 

 

Effect of operating mode. In view of process integration and intensification, continuous 

operation has been proposed. The reference case has been compared to the conceptually 

developed compact continuous process. A potential continuous process would involve 

reaction in a continuously operated fixed bed millireactor and a subsequent continuous 

distillation, acidification, by-product removal, KOM crystallization, filtration and drying 

(Figure 6.6).  

For obtaining mass and energy balances and sizing the equipment it is assumed that the 

performance of the continuous equipment is the same as the performance of the batch 

process in terms of efficiencies and product recovery. Furthermore, continuous equipment 

cost is assumed to be 110 % of batch equipment cost of equivalent production rate with 

twice less labour needed for a continuously operated process part than for a batch 
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equivalent.2 A small scale continuous equipment installation factor of 1.8 has been adopted, 

based on recently published work on fixed capital investment for modular compact plants.28 

 

Figure 6.6. Continuous process - flow scheme 

The overall cost per kilogram of KOM is approximately 38 % lower for the continuous 

process than for the reference case. This is due to the much lower equipment size and cost 

(the direct fixed cost is 619 k$ compared to 1086 k$ in the reference case) and 

consequently less labor that is needed. The cost of KIM has the highest contribution in the 

process cost (Figure 6.7). The percentage of cost reduction per category for two different 

costs of KIM is shown in Table 6.7. A total cost reduction of 33 – 37 % can be expected for 

continuous operation assuming that the efficiency of all operations is the same as in batch 

and that additional investment has already been paid off.  

     Reference case: 17973 $/kg                                  Continuous processing: 11330 $/kg 

 
Figure 6.7. Production cost breakdown – reference case and continuous operation scenario.  
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Table 6.7. Theoretical cost reduction per category for the case of continuous operation 

Category Cost decrease 

Materials  25 % (KIM 4000 $/kg) 
22 % (KIM 6000 $/kg)  

Capital cost 73 % 

Labor 47 %  

Utilities 22 % 

Waste 21 % 

TOTAL  37 % (KIM 4000 $/kg) 
33 % (KIM 6000 $/kg)  

 

In the following, different effects of process optimization will be discussed and compared 
to the reference case performed in batch. 

Effect of solvent. The maximum substrate concentration is determined by its solubility in 

the presently used solvent, i.e. solvent 1. Concentration increase is possible by replacing 

solvent 1. Preferably, solvent 1, being accepted for a limited use in medicinal chemistry, 

should be replaced with a more environmental friendly, “green” solvent. Based on the 

experimentally determined solubility, solvent 3 is selected for which a 3.5 times higher 

initial concentration is possible. Indeed, solvent 3 is not an environmentally preferred 

solvent, yet concentration limits suggested by regulations have been taken into account. It is 

important to note that both solvents belong to the same class of solvents and are allowed in 

a synthesis of API with residual concentrations of 400 and 600 ppm, respectively. 

Furthermore, the reaction kinetics with different solvent has not been tested. It is assumed 

for this analysis that change of solvent does not have a negative effect on reaction rate 

coefficient. 

Input of 20 kg of KIM per batch has been assumed for this scenario. The amount of other 

reagents is adjusted based on the reference case. It is assumed that no additional equipment 

is needed and that separation steps are similar to the reference case. Only the time needed 

for filtration has been increased due to the higher amount of material to be filtrated (50 % 

longer time). The equipment is scaled up in order to accommodate the higher material 

volume. Batch operating mode is considered. 

Due to larger equipment parts, capital cost is higher in the case where solvent 3 is used. 

However, production of 100 kg/year can be obtained in much less time (11 batches 

compared to 26 previously), giving a slightly lower specific production cost, see Figure 6.8. 

The main advantage of this alternative would be less waste and less utilities demand, which 

is reflected in the performance metrics (see Table 6.9). 
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            Reference case: 17973 $/kg                        Solvent change: 16585 $/kg 

 

Figure 6.8. Production cost breakdown – reference case and solvent change scenario 

Effect of purification sequence. A direct crystallization method is adapted from an already 
existing practice in the pilot units at Sanofi. It suggests direct crystallization of the Z-key 

compound followed by its filtration and drying, instead of the previously practiced 

crystallization of the E-compound as a precondition for KOM crystallization. The direct 

crystallization method employs different solvents (indeed, more environmentally friendly) 

and another sequence of operations. An overall process yield of 50 % has been calculated 

(knowing that reaction yield is 72 %, distillation yield 71 % and crystallization yield 97 %). 

The direct crystallization route is less time demanding and requires much less solvent than 

the reference route. This is reflected in the cost structure, shown in Table 6.8. 

Another optimization alternative in the downstream section is the isolation of Z-nitro 

isomer prior to the reaction followed by the recovery of KOM from the waste streams. 

Therewith yield can be increased for 7 % compared to the reference case (with 80 % 

recovery efficiency assumed). The E- isomer has a lower melting point and can be 

separated by filtration. Afterwards the Z-isomer could be cooled down to the reaction 

temperature (30 °C). In the current separation sequence 14 % of KOM is lost in the 

purification part. These losses can be reduced by applying an additional distillation step 

after the solvent sweep and distillation operations (Figure 6.1). An additional filter, a 

heater/cooler, a distillation vessel and a collecting tank would be needed which is reflected 

in slightly higher capital cost (Table 6.8). 

Since here the optimization approaches regarding solvent change and downstream-

processing (direct crystallization, KOM recovery, microwave drying) are applied for batch 

case, further multi-parameter improvements are to be expected when combining these 

effects with a continuous mode operation. 
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Table 6.8. Cost reduction per category compared to the reference case (for KIM cost of 4000 $/kg)  

  Continuous 
reaction 

Continuous 
operation 

Solvent 
change 

Direct 
crystallization 

KOM 
recovery 

MW 
drying 

Capital cost  0.25 0.73 -0.67 -0.03 -0.13 0.31 

Materials 0.25 0.25 0.11 0.04 0.11 0.0 

Labor 0.30 0.47 0.55 0.20 0.28 0.02 

Waste 0.21 0.21 0.51 0.18 0.54 0.0 

Utilities 0.22 0.22 0.50 0.18 0.11 0.0 

Total cost 
reduction 0.26 0.37 0.08 0.06 0.14 0.06 

Effect of drying method. In the reference case KOM crystals are dried under vacuum for 

18 h in a vacuum dryer. Together with the preceding filtration operation this is the most 

time and energy consuming unit operation. An alternative technique, which also has the 

potential to produce materials that meet the strict quality criteria, is microwave drying.29 

Pharmaceutical powders have a relatively high dielectric loss factor, P. van de Kruijs 

compared to the standard solvents and can therefore efficiently be dried using 

microwaves.30–32 

The heat balance for the drying operation can be written as 

2 1( ) ( ) ( ),vap

T T om m
m c m H m c T T P h A T Tm p wair p air airMWsolv

t
η

−
= ∆ + − + − −

∆
ɺ ɺ               (8) 

where the left hand side of the equation represents the heat transferred to the material, and 

the right hand side in equation (8) is the sum of the solvent heat of evaporation, the heat 

transferred by air, the microwave power absorbed by the dielectric material and the losses 

to the environment. 

The microwave power PMW is given as 

2
2 0P f ErMW π ε ε=                                  (9) 

Parameters used in equation (9) are: microwave frequency f = 2450 MHz, permittivity of 

vacuum ε0 = 8.85·10-12 C/(V·m), relative permittivity εr = 1.65, electric field strength E = 

1500 V/m. The only unknown parameters in equation (8) are the efficiency of microwaves 

and the time required for drying. Literature suggests microwave efficiencies of 20 - 35 %. 
33,34 If the efficiency of the available microwave system is 25 %, a drying time of 9.3 min 

would be needed to remove 2.5 kg of solvent. This condition has been adopted for further 

calculations. 

Direct cost benefits when employing microwave drying instead of conventional vacuum 

drying are not significant, due to the minor decrease in operation time and slightly lower 

cost of a microwave dryer compared to the vacuum dryer.35 However, when combined with 
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some other alternatives such as continuous operation, microwave drying can additionally 

improve the product quality if no excessive local heating takes place and contribute to a 

cost-efficient process.29 

The fraction of cost reduction per category for all six scenarios compared to the reference 

case is given in Table 6.8, indicating the largest overall cost reduction potential for 

continuous reaction and continuous operation. An additional advantage can be gained by 

increasing the overall process yield (KOM recovery scenario) or increasing the productivity 

(Solvent change scenario) although they both face a higher capital investment. Waste and 

utilities costs are comparably low (see Figure 6.5 for example). However, their reduction as 

a result of less solvent and overall less material to be processed, as well as less energy 

demand, is significant from an environmental point of view. 

6.4.4. Evaluation based on performance metrics 

Table 6.9 summarizes the calculated values for operating time, labor hours, process mass 

index (PMI), waste and estimated yield as a result of the process simulations. Due to an 

increased yield when performing the reaction continuously on micro/milli scale, all 

parameters - labor hours, PMI as well as waste per kilogram of product - are substantially 

lower than for the reference case. The lowest values for PMI and waste per kilogram of 

KOM could be achieved for scenarios with improved productivity – KOM recovery and 

Solvent change. On the other hand, due to less demanding crystallization steps operating 

time and labor hours are in favor of the Direct crystallization scenario. Relation between 
PMI values and cost reduction for all scenarios is schematically shown in Figure 6.9. 

 

Figure 6.9. Process mass index for different scenarios: ● - reference case, Ο - continuous operation 
scenario, □ - continuous reaction scenario, ■ - KOM recovery, ♦ - MW drying, 

     ◊ - solvent change, ▲ - direct crystallization scenario 
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It is of considerable importance to indicate the practical applicability of the scenarios, as 

shown in Table 6.9. Not only is the reference case used on an industrial scale; the 

continuous reaction and direct crystallization route have been validated as well. Continuous 

operation of the entire process as well as the microwave drying method have not been 

practiced yet; however, in context of sustainable processing, they are likely to be 

considered as the next development options. In contrast, possibilities to recover KOM from 

the waste streams with prior separation of isomers, and to change the reaction solvent in 

order to increase the material concentration, are more difficult to implement. They propose 

structural process changes and may have consequences on process efficiencies which are 

not predicted by the preliminary process simulations reported here. Intensified options, such 

as integrated small scale continuous operation and microwave drying, although 
advantageous in terms of cost, should be better combined with optimization alternatives in 

order to achieve greater performance increase. Continuous operation with direct 

crystallization and microwave drying would be the preferred option for achieving both cost 

and performance benefits.  

Table 6.9. Performance comparison for all scenarios 

Scenario 
Reference 
case 

Contin. 
reaction 

Contin. 
operation 

Solvent 
change 

Direct 
crystalliz. 

KOM 
recovery 

MW 
drying 

Operating 
time 
(h/kgKOM) 

32.8 24.0 24.0 13.9 20.9 32.4 30.8 

Labor hrs  
(h/kgKOM) 61.0 43.2 32.8 25.5 26.2 42.7 59.6 

PMI  
(kg/kgKOM) 167.2 122.5 122.5 72.0 123.4 134.4 167.2 

Yield (%) 47 56 56 47 50 54 47 

Waste 
(kg/kgKOM) 162.6 120.1 120.1 68.2 125.4 68.2 162.6 

Feasibility 
remarks  ++ ++ + - ++ - + 

 

6.4.5. Cash flow analysis 

In order to give an indication of the profitability of the chosen scenarios, the net present 

values (NPV) have been calculated based on estimations of KOM market price. NPV is 

defined as the sum of the present values of the individual cash flows of the project over the 

whole project life, see equation (10). Here we assume maximum 10 years of project life 

with modified accelerated cost recovery depreciation throughout the first 7 years and an 

interest rate of 10 %.25 
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Figure 6.10 shows that, in comparison to the reference case, almost all scenarios give 

higher net present values. The exception is the Solvent change alternative where the capital 

investment has longer pay back time and leads to a lower NPV. The net present value is up 

to 45 % higher for continuous operation than for the reference case, assuming the same 

market price of KOM. Continuous reaction and KOM recovery scenarios give similar net 

present value of the project, up to 25 % higher than the reference case. 

 
Figure 6.10. Cumulative cash flow diagram for the reference case and six scenarios considered. (—) 
Reference case, (- -) KOM recovery, (— · —) Solvent change, (···) Microwave drying, (---) Direct 

crystallization, (- · -) Continuous reaction, (— —) Continuous operation 

In the next step this analysis should be extended to the entire compact container plant (as 

the final aim of the POLYCAT project). A high positive effect on the net present value has 

already been indicated for the first cash-flow analysis of a pharmaceutical product to be 

produced in a modular compact plant comparable with the fume hood concept comparable 

with the fume hood concept.28 

6.5. Conclusions 

This study deals with an industrial API synthesis, particularly with a focus on one chemical 

transformation step, i.e. the hydrogenation of a nitro group in the presence of C=C double 

bond, and evaluates the optimization and intensification potential of various process 

alternatives.  

The impact of reaction mode, operating mode, purification and drying method on the 

overall production costs has been investigated. The process performance has been 

represented in terms of several process metrics. Six optimized and intensified scenarios 

were compared to the reference one. As for the retrofit options, the recovery of the key 

output material, use of another solvent or change of the separation sequence have been 

suggested. All scenarios indicate a possibility for cost and material savings, in the range of 
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6 to 14 %. Considering the process mode, intensified processes have the highest NPV 

value, mainly due to the reductions in operating costs. Overall cost savings of 26 to 37 % 

are predicted, with higher savings for lower KIM prices.  

When counterbalancing the possible improvements that resulted from process retrofitting 

with the gain estimated for the continuous process, the advantage of continuous operation 

was apparent for almost all process metrics. It is clear that the pharmaceutical industry has 

less experience with continuous operation and therefore more time in process understanding 

and obeying the regulations has to be invested. Moreover, the development of compact 

continuous equipment such as continuous crystallization, filtration and drying equipment is 

still in the initial stage, so that a full continuous plant still remains a challenge in the 

pharmaceutical industry. Nevertheless, the key reaction step can certainly be intensified by 
using continuous miniaturized reactors, what is an established and available technology. 

Moreover, further combination of innovations included in the POLYCAT project, such as 

polymer supports, highly active and/or “green” catalysts, as well as green solvents in case 

of enzymatic reactions) with the improvements presented here would be an attractive 

research option. 

As stated before, the general aim of this analysis was to show the importance of a multi-

level holistic process design analysis. All stages of the analysis are applicable to a wider 

range of processes: (1) the indicator based analysis allows for systematic bottleneck 

recognition, also for the complex processes with much more unit operations, streams and 

components involved; (2) the identification of process intensification options and metrics 

demonstrates that process-design needs have to be taken into account in a holistic manner 

in order to achieve the maximal gain, and (3) preliminary cost analysis serves as a proof 

and a starting point for the next step in decision making.  

Apart from the one-parameter-at-the-time analysis performed here, many opportunities for 

further research exist. It is further suggested to perform the multi-parameter analysis, to 

consider a multi-purpose continuous production line, and to extend the analysis to more 

process steps including the final drug manufacturing. Besides, other POLYCAT 

innovations, such as polymer-based catalysts, enzymes immobilized on a tailor made 

support and used with suitable solvents, can impact the performance of new API design.  

	omenclature 

A    area for heat exchange (m2) 

API    active pharmaceutical ingredient 

c    concentration (kg/m3) 

CF    cash flow 

cp   heat capacity (kJ/(kg·K)) 

Ef    electric field strength (V/m) 
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E   energy (W) 

EC   energy cost ($/kW) 

EWC    waste cost ($/kg) 

f    microwave frequency (MHz) 

Fl   volumetric liquid flow rate (m3/s) 

GMP   good manufacturing practice 

h   heat transfer coefficient (W/(m2·K)) 

∆vapH    heat of evaporation (J/kg) 

i   interest rate 

KIM    key input material 

KOM   key output material 
m   mass (kg) 

mɺ     mass flow rate (kg/s) 

MVA   material value added ($/kg) 

NPV   net present value 

OE   operation energy fraction 

OP   open path 

OT   operation time fraction 

Qu   utility amount (kg) 

P    productivity (kg/h) 

PMW    microwave power input (W) 

PI   process intensification     

PMI    process mass index 

PP   selling price ($/kg) 

PR    purchase price ($/kg) 

PU   utility price ($/kg) 
t    time (s) 

T    temperature (K) 

TFV   total free volume fraction 

TVA   total value added 

V   volume (m3) 

x    conversion 

WC    waste cost ($/kg) 

WTC    specific waste treatment cost ($/kg) 

Greek letters: 

ε0    permittivity in vacuum (C/V/m) 

εr    relative permittivity (-) 

η   microwave efficiency 

ρ    density (kg/m3) 
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Subscripts: 

c   component 

j   operation 

u   utility 

m   material 

MW   microwave 

solv   solvent 

w   wet 

Superscripts:  

0    environment 

 

6.6. Appendix 

6.6.1. Cost data for the investigated scenarios 

Table A6.1. Estimated cost of chemicals  

Chemicals Unit price, 
$/kg 

Source Remark 

Z/E-nitro 4000 - 6000 cost estimation production cost estimated 
from the process step prior to 
the hydrogenation step studied 
here 

Ammonium formate 20 Alfa Aesar  

Solvent 1 12 Sigma Aldrich  

Ammonia solution 9 Alfa Aesar  

Pd/C 4800 Desai et al.36  

Pt-V/C 9000 estimation Pt based catalyst is more 
expensive than Pd based but 
since it is used in very small 
amount it does not influence 
the total cost significantly 

Solvent 2 3 various 
suppliers 

 

HCl/methanol 14.8 Sigma Aldrich  

Benzyl alcohol 20 Sigma Aldrich  

Solvent 3 9.4 Sigma Aldrich  

Z-amino   intermediate 

E-amino   intermediate 

Z-aminoHCl 45000 estimation value needed for the cash flow 
analysis 
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Table A6.2. Estimated equipment t cost 

Equipment Quantity 
Type of 
equipment 

Design (and 
costing) variable Value Description Cost per item, $ Source 

Storage tanks 4 main volume 10 - 100 L 
storage of KIM, other 
reagents and solvents 4300 Matche.com 

Enameled batch 
reactor  1 main volume 400 L 

used in reactions, 
solvent change, 
purification part 50660 -||- 

Enameled batch 
reactor  1 main volume 200 L 35126 -||- 

Mixing unit 3 peripheral Mass Throughput negligible -||- 

Cooling/heating unit 3 peripheral Mass Throughput included in (2) 

Stainless steel filter 2 main filer area 0.2 m2 191860 

Tanks 2 main volume for waste collection 930 Matche.com 

Glass condenser 1 main Mass Throughput included in (2) 

Hasteloy filter dryer 1 main filter area 0.22 m2 207860 

Jacket pumps 2 peripheral power included in (2) 

Microwave dryer 1 main capacity 
In the range of $1300-
$2700 per kilowatt 109500 

Schiffmann, 
1987 

Packed bed 
microreactor 1 main volume 

packed bed reactor 
including mixers and 
pumps 22000 estimation 

Hydrogen generator 1 main production rate 24 L/h 6600 Hgenerators.com 
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6.6.2. Cash flow analysis data 

Cash flow analysis has been done for all scenarios considered for 100 kg/year production 

scale, assuming the MACRS (Modified Accelerated Cost Recovery System) depreciation 

model, 35 % of tax rate and 10 % interest rate (i).25  

A product selling price of 45000 $/kg has been assumed, based on similar drugs available 

on the market and assuming that the active ingredient content is 10 %.  

The following calculation has been applied:  

Revenues = product price * production scale 

Cost of production, COP = FCOP (fixed cost of production) + VCOP (variable cost of 

production) 

Gross profit = revenues – COP 

Taxable income = Gross profit – Depreciation charge 

Taxes paid = Taxable income * 0.35 

Cash flow (CF) = Taxable income – taxes paid 

CFpresent = CF * (1+i)-n 

Net present value (NPV) = 
1

(1 )
t

n

n

CF i −

=

+∑   
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Chapter 7 

Conclusions and outlook      

 

 

7.1. Conclusions 

The results of the research reported in this thesis focus on the proposition of cost-effective, 

intensified process routes for various processes performed in continuous miniaturized 

reactors. These process routes are enabled by smart supported chemical and enzymatic 

catalysts developed in the course of the POLYCAT project, all this in the initial stage of 

process development. The research was aimed at defining the process intensification at the 

catalyst – reaction – process level leading to economic and environmental benefits. In 

addition, the influence of the appearance of the catalyst, the reactor type as well as the 

chemical route and the recipes used have been investigated. An economic analysis was 

made to provide insight into the process targets, to guide process developments and 

optimization, as well as to identify limitations associated with catalyst consumption and 

performance.   

7.1.1. Process design concerns 

On the most generic, entire process level, state-of-the-art process data were collected (for 

gluconic acid in Chapter 2 and for the synthesis of an active pharmaceutical ingredient - 

API in Chapter 6), bottlenecks in the current process were summarized and possibilities to 

improve these processes were proposed. The glucose oxidation towards gluconic acid 

belongs to the reaction class of interest in the POLYCAT project, i.e. selective oxidation, 

and is considered to be a representative case for the evaluation of the use of microreactors 

and flow chemistry in general for gas–liquid–solid reactions. On the other hand, the 

production of an API intermediate is an industrial target, and a representative for 

continuous production of pharmaceuticals. The industrial requirements for the production 

scale, technology availability and current market state had to be considered as well. 

Gluconic acid is a chemical product with a market size of about 60000 t/year (data from 

2011). Therefore a relative large scale process of 2000 t/year has been considered here. On 

the contrary, the API studied is a high potent drug and is aimed to be produced on a scale of 

100 kg/year in the Sanofi production site.  

Thus, although both reactions are gas-liquid-solid reactions and both can benefit from 

intensified heat and mass transfer and more efficient use of catalysts, they are very distinct 

regarding their production costs and market value. Naturally, gluconic acid production in a 

microreactor brings high capital cost. In fact, the studied falling film microreactor is a 
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complex microreactor type having the upper value in the range of microreactors cost. 

However, under the assumptions used here (i.e. the absence of mass transfer limitations and 

full conversion in a falling film microreactor) it has been calculated that a falling film 

microreactor based process would have approximately 20 % lower overall costs than a 

conventional batch process. It also has to be noted that the chosen microreactor type is 

generally very expensive and complicated construction, thus not realistic for a potential 

large-scale application. 

Similarly, the selective reduction of a nitro compound to produce an amino derivative, 

which is a key pharmaceutical intermediate, is shown to be more efficient in a small scale 

catalytic packed bed reactor as compared to the presently used batch reactor. A total cost 

reduction of 26 % was estimated; this is due to a smaller operation time, increased yield and 
less materials used. The experimental validations are currently in progress, a compact 

“container” plant (conceptually analogous to the fume hood concept) for the continuous 

production of pharmaceuticals is already being built.1,2 A complete batch-to-flow process 

change is still to be made, but the current industrial efforts are notable and result driven.  

7.1.2. Guidelines for catalyst choice  

In Chapter 2 possible catalysts for glucose oxidation have been compared based on their 

previously reported activity and stability: conventional metal based catalysts, biocatalysts 

and polymer-supported metal nanoparticles. The costs of these catalysts have been 

considered in Chapter 5, and the range of their economical use has been defined. It has been 
concluded that, under the process conditions used, novel polymer based catalysts - although 

the most active - are still too expensive to be used for glucose oxidation. Their 

economically beneficial use is possible in carbohydrate hydrogenation reactions, provided 

that the absence of catalyst deactivation, catalyst leaching and stability problems are 

previously confirmed. 

The price of a biocatalyst depends on the type of support, enzyme immobilization 

procedure, and the price of the enzyme itself. In Chapter 3 enzyme glucose oxidase has 

been immobilized on a silica nanospring support. When “in house” immobilized enzymes 

are combined with the synthesis of low added value products, this does not turn out to be 

economically viable. However, if the target products are high added-value chemicals, the 

high price of enzymes is overcome by the high product cost margins. The catalyst system 

should be recycled for a reasonable number of times to ensure no loss of enzyme activity. 

The catalyst formulations studied are suitable for applications in microchannels or other 

forms of micro-structured reactors. The use of the commercially available Novozym 435 

catalyst was the topic addressed in Chapter 4. For ethyl butyrate transesterification as a 

model reaction in a packed bed millireactor no loss of enzyme activity was observed over a 

period of 12 hours at 70 °C.  

This work addresses, to the best of author’s knowledge, for the first time the potential of 

enzymatic microreactors in commercial scale production. In case of an “in house” enzyme 
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preparation (i.e. immobilization), a positive answer is given for low-volume high-added 

value chemicals. By developing novel (although more expensive) supports, reactions where 

no other supported enzymes commercially exist have been made possible. The ease of the 

development and the high selectivity that enzymes provide can then justify the effort and 

cost. On the other hand, the window for economically beneficial operation is wider if 

already commercial enzymes and preparation techniques are used. In that case, stable and 

active enzymes allow for high productivities per unit of mass of enzyme, reaching a 

commercial production range for fine chemicals, while reactor micro dimensions take care 

for a higher overall selectivity and higher productivity per unit of reactor volume as 

compared to batch processes. 

7.1.3. The use of micro process technology 

At first, a falling film microreactor based process as an intensified continuous alternative 

for the oxidation of glucose has been evaluated. For the scale studied, the target production 

can be achieved with 46 falling film microreactor stacks. As expected, this is associated 

with high costs of the reactor system. However, benefits in operation can overcome these 

higher costs. Up to three orders of magnitude increased productivity compared to the 

conventional process in a slurry batch reactor contributes to a smaller production time and 

less accompanying operational costs. 

Further, the potential of miniaturized flow reactors when equipped with enzymes instead of 

chemical catalysts has been studied. For this, the appearance of the enzyme and the 
immobilization strategy have a considerable influence on the reactor efficiency. A long 

term operation in a packed bed microreactor with immobilized lipase (Novozym 435) has 

been studied for the transesterification reaction of ethyl butyrate and 1-butanol. A tenfold 

increase of the reaction rate per unit of the reactor volume and an overall higher conversion 

has been achieved on a micro scale. A model explaining the behavior of the packed bed 

reactor has been made, and showed a good agreement with experimentally observed 

conversion values.  

In the latest stage of the work, key learnings and potential intensification solutions from the 

previously studied cases were transferred to an industrial reaction for the production of an 

API intermediate with similar process characteristics. A packed bed millireactor has been 

proposed here, for which a much higher amount of catalyst per unit reactor volume ensured 

a much more efficient reaction than in a state-of-the-art batch process. 

A transfer of laboratory scale microreactor based processes to production scale is an 

ongoing process and advantages as well as disadvantages are currently recognized.3 Despite 

the reduced risk for process scale-up, shortened time for scaling up and savings regarding 

operation costs, there are still hurdles to be overcome for real industrial application of this 

technology: continuous flow equipment availability, process adjustments to the novel 

technology, process control, and, in case of enzymatic reactions, enzyme stability and 

activity. Yet, in recent years there have been a number of real-case industrial applications 
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of microreactors for fine chemical and pharmaceutical synthesis as well as drug 

development.3,4 Beyond that, microreactors and flow reactors are believed to be essential 

for the currently developed compact intensified plants (e.g. container-based least-

investment cost plants such as the Evotrainer of Evonik1), which enable faster product 

development and launching (shorter time to market), operational flexibility, faster start up 

and shutdown.  During the pre-clinical and early clinical studies, the delivery time of the 

product is the most important factor. A faster process development would simultaneously 

result in a significant cost reduction.5 Another important advantage achieved in 

microreactor based processing is the saving in materials due to higher yield and less waste. 

This is especially manifested for highly expensive materials close to API grade. Thus, there 

is other and supplementary motivation to use microreactors further than only improvement 
of mass and heat transfer. A recent patent review in the field of microreactor technology 

showed a decrease in the number of novel microreactor devices, but an increase in the 

number of their applications and testing for various processes.6  

The examples studied here show the methodology to be used when comparing conventional 

operation and flow chemistry. Indeed some answers were given which identify bottlenecks 

to be solved when approaching real-case, high-value catalyzed gas-liquid industrial 

reactions – in the sense of a “hot-spot screening” ex-ante process development which is 

urgently needed when introducing step-change innovations and is especially helpful for 

technological guidance in the initial stages. Still, integration of chemistry and engineering 
disciplines is needed before undergoing a complex batch-to-flow process change: catalyst 

implementation and behavior, e.g. in terms of activity retention and leaching, have to be 

considered. Beyond that, microreactor scaling and holistic process analysis is mandatory 

before the technology development. First steps in economic and environmental analyses of 

this type have been done, and their results encourage continuing with data collection to 

obtain further knowledge. 

7.2. Outlook 

This research comprises a process-design and cost analysis for the use of micro/milli 

reactors for catalytic gas-liquid-solid flow processes and a comparison with the batch 

alternatives. In this way, an effort has been made to: 

- show the methodology to be used for the evaluation of optimization and/or 

intensification of fine chemical and pharmaceutical production,  

- point out the performance features of microreactors, especially microreactors for 

gas-liquid-solid reactions, 

- develop protocols for immobilization of enzymes on (nano-)porous substrates, 

- develop a robust reactor concept which allows to make a forecast of productivity 

and costs of enzymatic processes, and 
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- guide a catalyst selection based on catalyst performance in terms of selectivity and 

yield, catalyst stability and related catalyst consumption and its preparation cost. 

Naturally, in such a complex field many of the burning issues still remain open. Two of 

them are addressed in this section. 

7.2.1. Increasing enzyme productivity 

The potential of micro-/millireactor concepts to achieve high productivity should be 

addressed in a more generic frame, much beyond the single supports and reaction examples 

shown in this thesis. The amount of industrial biocatalytic processes is still 

underrepresented, which is largely related to the paradigm around enzyme production costs. 

Further, due to inhibition issues and possible side reactions, enzymatic reactions usually 

deal with very low substrate concentrations, leading to a low productivity per unit reactor 

volume and very often dissipate the expensive enzymes. Such diluted systems are accepted 

as a state-of-the-art in organic chemistry, with their production rates lower than a few mg/h. 

The enzymatic production of chemicals is expected to largely benefit from the newest 

developments in flow reactor technology which can easily be combined with: 

- non-classical reaction conditions (non-aqueous or biphasic systems, supercritical 

conditions), 

- high enzyme loading beyond the limits of typical enzyme solutions, 

- engineered enzyme supports and/or enzyme encapsulation methods, and 

- multi-step enzymatic reactions. 

For instance, the issue of incompatibility of reactants with aqueous media generally 

required for the efficient performance of enzymes can be solved with the use of non-

aqueous reaction media. However, the use of organic solvents cannot be recommended 

from an environmental point of view. There is supporting evidence that supercritical fluids 

serve as potential media for enhancing the activity of enzymes used in a variety of organic 

applications: because of a 100-fold higher diffusivity compared to a liquid, and 10 times 

lower viscosity an increased mass transfer in supercritical fluids as compared to 

conventional liquids is achieved. Many enzymatic reactions have been carried out under 

supercritical CO2 (scCO2) conditions, for example (ring-opening) polymerizations with 

lipases, the use of decarboxylases for CO
2
-fixation

 

and the use of alcohol dehydrogenases.7 

Gas-liquid reactions such as enzymatic oxidations will also benefit from the use of scCO2, 

as low solubility of oxygen in water (0.3mM at 30 °C and 1 bar) or in organic solvents 

(approximately 2 mM for ethanol, acetone and acetonitrile), will be overcome by dissolving 

oxygen in scCO2 where oxygen solubility is practically unlimited.  

One interesting solution is the encapsulation of a high concentration of enzymes inside 

colloidosomes (permeable capsules composed of colloidal particles) as shown in Figure 7.1. 

An advantage of this approach is that inside the colloidosome a high concentration of 
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Figure 7.2. Batch versus continuous operation 

The work presented in this thesis regarding the retrofit and intensified options in operation 

for production of pharmaceutical products (Chapter 6) is partly led by the requirements 

from the industry and refers to a purely conceptual process design with many assumptions, 

which may require additional verification. The high degree of technology knowledge can be 

obtained via various process system engineering methods, i.e. scheduling and control, 

which focus on the entire process rather than on the reaction level because product (design) 

opportunities, sustainability gains and cost savings are much more pronounced here. An 

indicator based analysis used in this research is a small step in this direction. Approaches 

such as algorithmic mixed integer nonlinear programming (MINLP), Process Analytical 

Technology (PAT) guidelines or advanced process control are widely used in other 

industries, such as for the fast moving consumer goods.12 At the same time their use in the 

development of continuous pharmaceutical processes is strongly encouraged. 13,14  

The main suggestions here are: 

i) to promote the development of continuous processing of pharmaceuticals, and 

ii) to use a process system engineering methodology, both on academic and 

industrial level.  
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