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Summary 

The main objective of this study was to study the effect of the physical properties of 

ionic liquids as solvents on mass transfer efficiency of extractive distillation columns. Ionic 

liquids have been promoted as promising separating agents to be applied in this separation 

technology by means of vapor-liquid experiments. The water – ethanol mixture is 

commonly separated through extractive distillation using mainly glycols as solvents. To 

realize all the advantages that ionic liquids offer in the extractive distillation many potential 

ionic liquids were recommended as replacements of the organic solvent. However, the 

relatively high viscosity of this new class of solvents could bring mass transfer limitations 

to the separation process. The rate-based model is able to predict all these limitations while 

only knowing the physical properties of the system. Nevertheless, two new challenges 

arise: the scarcity of physical properties concerning ionic liquids and the possible deviation 

of ionic liquids properties from that predicted by mass transfer correlations. Therefore, the 

use of the rate-base model presented in this work comprised an experimental analysis on 

the physical and transport properties and pilot plant tests. After these steps, all the 

capabilities of the rate-based model can be exploited to quantify the extent in which 

physical properties may reduce the mass transfer efficiency of the extractive distillation 

column. 

 

Analysis of physical properties for accurate prediction 

The rate-based model requires physical and transport properties to solve the mass 

transfer across the vapor-liquid boundary through mass transfer correlations. These 

correlations describe the mass transfer process using physical and transport properties 

which are scarce for ionic liquids. Experimental work would be necessary to determine all 

the needed properties. However, this would be a time consuming step during the research. 

Therefore, the objective of this chapter is to establish the physical and transport properties 

that are necessary to correctly predict the mass transfer in extractive distillation with ionic 

liquids. Three ionic liquids were chosen for this purpose: 1-ethyl-3-methylimidazolum 

acetate, 1-ethyl-3-methylimidazolum chloride and 1-ethyl-3-methylimidazolum 
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dicyanamide. Furthermore, the reference solvent ethylene glycol was chosen to compare the 

mass transfer characteristic to the ionic liquids. From this analysis, ternary liquid 

viscosities, ternary surface tension and infinite dilution diffusion coefficients need to be 

experimentally determined to provide accurate predictions of the mass transfer 

characteristic. The rest of the properties can be predicted using common methods for 

conventional fluids from literature without producing deviations of the predictions.  

 

Experimental determination physical properties 

The previous analysis initiated the experimental determination of liquid viscosities, 

surface tension and infinite dilution diffusion coefficients. Therefore, the objective of this 

chapter is to experimentally determine the above properties using proven experimental 

methods from literature. Additionally, to enable the use of these properties in the simulation 

tool ASPEN® Plus, those properties have to be correlated with accurate models. As result, 

the above mentioned properties were measured over a wide range of temperatures and 

compositions of the ternary system water – ethanol – solvent. Additionally, ternary 

dynamic viscosities and surface tensions of the system water – ethanol – ethylene glycol 

were measured. The Patel-Teja model using Redlich-Kister and Margules types mixing 

rules was able to correlate very well the ternary dynamic viscosities over the whole range of 

compositions and temperatures. The Fu-Li-Wang mixing rule gave excellent results in 

correlating ternary surface tensions. From this work, the rate-based model can be built in 

order to predict the mass transfer performance of ionic liquids as solvents. 

 

Rate-based model validation 

The mass transfer efficiency of an extractive distillation column has been used to 

quantify the mass transfer limitations when using a more viscous solvent. This purely 

predicted result given by the developed rate-based model could be affected by viscosity of 

ionic liquids and may deviate from reality. Therefore an experimental validation of the 

model becomes necessary. The objective of this work is to validate the developed rate-
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based model with experimental data from a pilot plant. A second objective of this work is to 

study the mass transfer efficiency of the pilot plant. To accomplish these objectives a pilot 

plant extractive distillation column was constructed at Eindhoven University of 

Technology. This plant is equipped with Mellapak® 750Y structured packing having 3.120 

meters of height and was operated using a 70 wt% water – 30wt% ethanol feed mixture 

with 1-ethyl-3-methylimidazolium dicyanamide and ethylene glycol as solvents. The 

developed rate-based model describes the mass transfer using the Rocha et al. (1993,1996) 

mass transfer correlation. The results showed that the rate-based model gave excellent 

predictions of the experimental data for both solvents. The deviation between simulations 

and the pilot plant data was within 10% relative error. Finally, it was found that the ionic 

liquids produced better mass transfer efficiencies than the reference solvent for all studied 

operating conditions.  

 

Effect of ionic liquid viscosities on mass transfer efficiency 

Ionic liquids are promising solvents because they can outperform the common organic 

solvents by increasing relative volatilities. However, when using relatively viscous ionic 

liquids as separating agent in the extractive distillation of water – ethanol mixtures, the 

mass transfer efficiency of the column could be significantly reduced as it was previously 

demonstrated by Weiss and Arlt (1987). Many ionic liquids have been previously discarded 

due to relatively high viscosity values and so far it is not known the real effect of this 

property on mass transfer. The rate-based model is able to predict these decreases. This 

model was previously built with the information of physical and transport properties and 

validated for this specific purpose. The objective is to quantify the effect of the viscosity of 

ionic liquids on mass transfer efficiency using several ionic liquids for water – ethanol 

separation. In this chapter it was found that, for two chosen internals: Sieve trays and 

Mellapak® 250Y, the liquid phase viscosities affect the mass transfer efficiency. However, 

this effect can be decreased if the solvent is able to create improvements in relative 

volatility. This is of great importance since the main advantage of ionic liquids to be 

applied in extractive distillation is the better vapor-liquid performance than organic 
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solvents. These obtained conclusions are very important to discriminate ionic liquids during 

the solvent design.  

 

Pilot plant separation of toluene-methylcyclohexane 

Separation of aromatic – aliphatic mixtures by fractional distillation is very 

challenging due to the proximity of boiling points. The mixture of toluene – 

methylcyclohexane is separated using the organic solvent N-methyl-2-pyrrolidone. 

However, recently the ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate has been 

proposed as a promising replacement of the organic solvent. This ionic liquid is particularly 

good to separate the mixture due to the increased relative volatility over the common 

solvent. However, this ionic liquid exhibits limited solubility of the toluene – 

methylcyclohexane mixture and higher viscosity than the organic solvent. Therefore it is 

necessary to operate the extractive distillation unit with high solvent-to-feed ratios to avoid 

the occurrence of two liquid phases. This situation could bring high liquid phase viscosities 

and result in mass transfer limitations. The objective is to compare performances between 

the two solvent on the separation of toluene – methylcylcohexane under several operating 

conditions in the pilot plant and to study the mass transfer efficiency in this process. The 

results demonstrate that the proposed operating conditions formed only one liquid phase 

with high liquid phase viscosities. As a consequence, the HETP for the separation using 1-

hexyl-3-methylimidazolium tetracyanoborate is twice as high compared to the separation 

with N-methyl-2-pyrrolidone. In spite of this decrease in mass transfer efficiency, the ionic 

liquid continues to be a promising solvent since high purities were achieve at the top of the 

column.
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1.1 Introduction 

 

Distillation has been for years the most used and academically taught separation 

process. In words of Dr. James R. Fair (1990): “Distillation, King of separations, will 

remain as the workhorse separation device of the process industries”. The first distillation 

practices date back to the Alexandrian chemists (100 – 900 A.D.) [1] and nowadays this 

technology is widely and intensively used in industry ranging from alcohol production to 

distillation of crude oil.  

However, sometimes the production of high purity chemicals is not possible or 

economically unfeasible by means of a normal fractional distillation when trying to 

separate azeotropic and/or close boiling mixtures. For the separation of these complex 

mixtures, extractive distillation arises as an energy saving and advantageous alternative that 

produces high purity and valuable chemicals [2-5]. Furthermore, the use of ionic liquids has 

been recently proposed as a replacement of organic solvents due to their demonstrated high 

selectivities, enhancing the conventional extractive distillation process [6,7]. Despite of this 

merit, ionic liquids show very high viscosities [8-10], this could bring mass transfer 

limitations and mask all advantages gained by the use of this new class of promising 

solvents.   

This chapter starts with a short state-of-the-art concerning the use of ionic liquids in 

extractive distillation. Next, a short review of rate-based modeling is given and linked with 

the simulation of extractive distillation processes. Besides that, a review of the current 

technologies for separating an azeotropic mixture like water – ethanol and a close boiling 

point mixture like toluene – methylcyclohexane is explained. Finally, the problem 

statement of this work is defined and followed by the outline of the thesis.  

 

 

1.2 Extractive distillation with ionic liquids 

The extractive distillation process allows separating complex mixtures by the addition 

of a third component having a high boiling point or so called “solvent” that modifies the 

activity coefficients at the liquid phase and thus increases the relative volatilities. This 

operation unit is well known and applied in the chemical and petrochemical industry. 
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Figure 1.1 shows a process flow sheet of a simple extractive distillation operation. The 

common solvents used for the separation of many mixtures are listed in literature [11]. 

Most of these solvents are organic while salts are used as a solvent in extractive distillation, 

but the latter in a less extent. Nowadays, the use of ionic liquids in extractive distillation is 

being extensively studied for many mixtures by means of thermodynamic vapor-liquid 

equilibria [12-34]. This opens the possibilities for process simulation, evaluation and 

optimization [35-37]. All of these investigations are driven by some excellent properties 

exhibited by ionic liquids such as: a non-detectable vapor pressure that would not pollute 

the top product; a wide liquid range offering good operational conditions; requirement of 

less complex regeneration steps than conventional solvents even though this is a matter of 

research; good chemical and thermal stability; non-flamability; non-toxicity; etc.  

  

�

Figure 1.1. Scheme of a conventional extractive distillation unit and the solvent recovery 
step. 

 However, on top of those advantages, ionic liquids are molten salts and they could 

offer the same separation abilities as solid salts without the solubility issues. This generates 

improved selectivities than those produced by organic solvents which lead to a decrease in 

the use of solvent to achieve a certain separation. Furthermore, it was estimated that an 
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increase in selectivity brings a reduction in total annual cost [38] and a more promising 

separation scenario.   

 

1.3 The rate-based model in simulating extractive distillation with ionic liquids 

The equilibrium model (EQ) has been principally used to design, simulate and 

optimize the extractive distillation process [39-44] due to its simplicity and elegancy. 

Nevertheless, this model does not correctly describe the extractive distillation with ionic 

liquids. For example, the ideal representation of an equilibrium stage does not take into 

account the mass transfer limitations that a real stage normally has. This leads to defining 

efficiencies. Although there are methods to priory estimate efficiencies [45-48], this point 

can be very difficult to solve since the efficiencies varying  from stage to stage ranging 

from -� to +� in multi-component systems. Therefore, the process of estimating 

efficiencies can become a mere parameter-fitting exercise.  

To overcome these limitations, the non-equilibrium or rate-based model can be used 

for the above mentioned purposes. This model was proposed by Krishnamurthy and Taylor 

[49,50] and it is capable to accurately predict concentration profiles of several systems 

without the need of efficiencies. Since then, the rate-based model has been used to predict 

with great accuracy the behavior of many complex systems including azeotropic 

distillations [51-53], reactive distillations [54-56], absorption [57,58] and a few examples in 

extractive distillation [59,60]. However, due to the fact that ionic liquids are a new class of 

solvent, no studies on rate-based modeling of their use in extractive distillation can be 

found in literature. The use of the rate-based model could provide a very good and accurate 

approach to study the advantages and limitations of extractive distillation with ionic liquids, 

because the rate-based model accounts for the mass transfer limitations of a real distillation 

process and therefore it could account for the even larger mass transfer limitations of the 

ED process with ionic liquid could bring.  
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1.4 Water – ethanol separation 

Ethanol is commonly known as alcohol in beverages and antiseptic. Ethanol is also a 

base component for many applications in the chemical industry. However, nowadays the 

main consuming area is bio-ethanol as fuel or fuel additive. Ethanol is produced from 

different resources such as sugarcane (mainly Brazil) [61-64], corn (mainly US) [65-67],  

cellulose [68,69], starch [70,71], and in a lesser extent from wheat and dairy. A 

fermentation of the hydrolyzed sugars produces a mixture of approximately 5 - 12 wt% of 

ethanol in water. Normally a distillation column is used after the fermentation step to 

increase the ethanol purity to roughly 95.6 wt% which is the azeotropic point of the water – 

ethanol mixture.  

However, an extra step is required to completely dehydrate the ethanol. Due to the 

above mentioned azeotropic point, a normal fractional distillation is no longer a suitable 

and an alternative technology is required. Azeotropic distillation [72-75], adsorption [76-

78], pervaporation [79-81], pressure swing distillation [82] and extractive distillation 

[3,41,83,84] have been extensively studied for water – ethanol separations. However, 

extractive distillation is advantageous over the rest of the mentioned technologies by the 

following reasons: For instance, azeotropic distillation requires significantly more energy 

than extractive distillation since the solvent is vaporized in the column. Adsorption 

processes are less energy intensive than extractive distillation and provide easier operation. 

However, the major energy consumption of this process occurs during the regeneration of 

the adsorptive medium where high temperatures or low pressures are required. This brings 

higher capital expenditures than ED because it needs an expensive heater for the 

regeneration. Pervaporation requires less energy since the separation is not based on 

differences in boiling point. Nevertheless, applications for pervaporators are limited to 

moderate volumes because the pieces of the membrane modules tend to be very high for 

large capacities while distillation allows higher throughputs. The case of pressure swing 

distillation is different. No solvent is needed, and previous studies [85,86] have claimed 

that this technology is more economical attractive than extractive distillation due to lower 

total annual cost or less Opex since ED requires a large amount of solvent. However, ionic 

liquids are designed to improve relative volatilities and reduce the amount of solvent 
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needed to achieve a certain separation. Therefore, extractive distillation continues to be an 

economically promising technology in separating complex mixtures. 

 

1.5 Toluene – methylcyclohexane separation 

Aromatic compounds like benzene, xylenes or toluene are important base chemicals for 

producing many starting materials for clothes, vehicles, cosmetics, computers, etc. 

Specially, from polyurethane is made from toluene and is used to produce building 

insulations, coatings for floor, refrigerators, and a variety of products. Aromatic compounds 

come from three main sources of feedstock: catalytic reformates or reforming of gasoline, 

pyrolysis gasoline and in minor percentage coke-oven light oil. In the reforming of the oil, 

alkyl-cyclopentanes are isomerized to substituted cyclohexanes and then aromatized by 

catalytic  dehydrogenation [87,88]. Pyrolysis gasoline produces mainly benzene. Next, the 

obtained reformate compositions consists typically of a mixture of approximately 73% of 

aromatics and C4-C10 paraffins and naphthenes (aliphatics)[88].  

Separation of an aromatic/aliphatic mixture like toluene-methylcyclohexane is very 

complicated  by normal fractional distillation due to the close boiling points of both 

components (b.p.: 110.8°C and 101°C respectively). Available processes for separating this 

mixture are divided according to the amount of aromatics present in a mixture. Thus, 

liquid-liquid extraction is used for a 20 – 65 wt% of aromatics, extractive distillation for a 

65 – 90 wt% and azeotropic distillation for higher than 90 wt% of aromatics present in a 

mixture [87,89].  

Commonly used organic solvents for extractive distillation of aromatic/aliphatic 

mixtures are published in literature [90-92] and include N-methyl-2-pirrolodone (NMP), 

Dimethylformamide (DMF), phenol and others. Lately ionic liquids have been proposed to 

separate these complex mixtures by extractive distillation due to their advantages 

[7,18,19,93-96].  
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1.6 Problem statement 

In this thesis, a rate-based analysis will be carried out on the application of ionic 

liquids in extractive distillation for the separation of water – ethanol and toluene – 

methylcyclohexane mixtures. The aim is to determine the effects of the physical properties 

of ionic liquids on the mass transfer efficiency performance in an extractive distillation 

column. One of the important features of ionic liquids is their high viscosity. Although, 

ionic liquids are promoted to increase the selectivity over organic solvents, reported values 

of their viscosity range from approximately 15 [mPa s] to nearly 21.000 [mPa s] at 298.15 

K [8,97-99]. These viscosities can induce serious mass transfer limitations. Indeed, a 

previous experimental study [100] shows a decrease in efficiency with the increase of 

solvent viscosity in extractive distillation.  

The rate-based or nonequilibrium model enables the study of both the mass transfer 

characteristics in a distillation column. However, to give a real description of the process, it 

is necessary to provide reliable physical and transport property data of the ternary system 

formed by the constituents of the mixture to be separated and the solvent. Ionic liquids are a 

new class of solvent and although lately many of these properties have been experimentally 

determined, the knowledge on physical and transport properties in ternary mixtures remains 

scarce.  

On the other hand, the reliability of the rate-based model relies on the accuracy offered 

by the mass transfer correlations under certain conditions. Correlations for trays and either 

random or structured packings are extensively reported in literature [59,101]. So far, ionic 

liquids have not been tested in distillation columns and their properties could result in 

inaccurate predictions by the mass transfer correlations and therefore the rate-based model. 

This could lead to erroneous conclusions about the mass transfer performance of using 

ionic liquids in extractive distillation. In this context, an extractive distillation pilot plant 

running with an ionic liquid as solvent is needed to evaluate the predictive ability of the 

rate-based model.   
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1.7 Approach and outline of the thesis 

The objective is to study the effects of physical and transport properties of different 

ionic liquids on the separation of water – ethanol and toluene – methylcyclohexane 

mixtures by means of extractive distillation. For water ethanol separation, rate-based 

simulations are carried out in ASPEN Plus® Radfrac. Before performing any simulation, 

physical properties of ionic liquids need to be measured. These experiments include 

measuring viscosities, densities, surface tensions and diffusion coefficients. Additionally, to 

make these data usable in ASPEN Plus, models that correctly correlate the measured data 

are investigated. Based on these results, the effect of these physical properties on the mass 

transfer efficiency is investigated. Besides that, a chosen ionic liquid is tested in an 

extractive distillation pilot plant along with the reference solvent and commonly used 

ethylene glycol (EG) to validate the rate-based model for this process. Finally, the 

performance on a proposed ionic liquid to separate the toluene – methylcyclohexane 

mixture is studied in the extractive distillation pilot plant. This thesis is divided in seven 

chapters: 

Chapter 2 describes the selection of physical properties to be measured in order to 

describe the mass transfer in an extractive distillation with ionic liquid without losing 

accuracy in the predictions. 

Chapter 3 is about the experimental determination of physical and transport properties. 

This includes binary and ternary viscosities and densities of ionic liquids and EG in 

mixtures with water and/or ethanol, infinite dilution diffusion coefficients and ternary 

surface tension measurements. Also the modeling of these experimental data is carried out 

in this chapter.  

Chapter 4 compares experimental data obtained from a pilot plant scale extractive 

distillation column that uses an ionic liquid, [EMIM][DCA], as solvent with the results 

obtained from the rate-based model for water – ethanol separation.  

Chapter 5 investigates the effect of several ionic liquids viscosity on the mass transfer 

efficiency compared to the reference solvent EG.  
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Chapter 6 studies the performance of [HMIM][TCB] for the separation of toluene – 

methylcyclohexane in an pilot plant scale extractive distillation column.   

Chapter 7 contains the major conclusions and future work.            
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2 
Physical property requirement analysis for using the rate-based 
model. 

 

Abstract 

The Rate-Based model requires reliable physical and transport properties to solve heat and 

mass transfer rates across the interphases by means of correlations. Ionic liquids are a new 

class of solvents whose properties are still under investigation even though their database 

has largely increased lately. Experimental methods are time consuming and expensive 

considering that these properties change with composition and temperature. The objective 

of this chapter is to determine which physical properties are required to be measured and 

which ones could be predicted to obtain sufficiently accurate information about changes in 

mass transfer. For the chosen ionic liquids for water – ethanol separation it was 

determined that ternary liquid dynamic viscosities have to be experimentally obtained. 

Liquid diffusion coefficients can be experimentally predicted very quickly to avoid the 

classical time consuming experiments that directly determine this property. Surface tension 

is a property that also has to be measured. However, measurements at room temperature 

suffice to provide reliability and time savings. Liquid densities and thermal conductivities 

are properties that can be estimated without losing accuracy in validating the rate-based 

model and reliability in the analysis of mass transfer efficiencies.  
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2.1  Introduction 

 

Nowadays, the design or simulation/optimization of the extractive distillation (ED) 

process can be made by rigorous models available in commercial simulation tools. The 

rate-based model provides accurate predictions. In contrast to the equilibrium model, where 

only information of vapor-liquid equilibrium and the efficiencies are sufficient to perform 

simulations, the rate-based or non-equilibrium model requires a complete description of the 

physical and transport properties to produce reliable results [1]. This is a great problem 

because although the database containing relevant data of ionic liquids is increasing every 

day, many of the necessary properties to describe the mass transfer in extractive distillation 

are not available. This involves properties that must represent the multicomponent nature of 

the extractive distillation process. They should be measured and experimental methods are 

time consuming and expensive. Nevertheless, not all of the physical and transport 

properties need to be experimentally determined since some of the required properties only 

influence the mass transfer to a minor extent. Therefore, they could be estimated by 

methods available in the literature for common fluids. This brings time savings in both 

measuring properties and developing the rate-based model.  

The objective of this chapter is to identify which of the physical and transport 

properties require high accuracy to properly describe the changes in mass transfer 

efficiency with increasing solvent viscosity for the separation of water – ethanol mixtures. 

This step is of crucial importance because it allows time savings by preventing the 

unnecessary experimental determination of properties without risking the loss of accuracy 

in describing the mass transfer in an extractive distillation column. To define these 

properties, this chapter will first provide the rate-based model and the mass transfer 

correlations. From this point, the different required properties are analyzed in terms of their 

importance for describing the mass transfer. 

 

2.2 The rate-based model  

 

Figure 2.1 shows a scheme of a non-equilibrium or real distillation stage which 

represents a single tray or a segment in packed columns. The mass and energy balances are 
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written for a respective phase present in the separation. Heat and mass transfer rates are 

defined across the interphase as a result of the exchange of mass and heat.   
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Figure 2.1. Scheme of a non-equilibrium stage. 

 

The heat and mass balances for each phase are written in the following set of 

equations. Since we are dealing with extractive distillation, the reaction rates are not taken 

into account in these balances. 

 

, 1 , 1 , , 0L F L

j i j j i j i j j i j
F x L x N L x− −+ + − =  2.1 
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The mass transfer rates of liquid across the interphase are defined as 
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The mass transfer rates of vapor across the interphase are defined as 
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The energy loss or gain due to interphase transfer is defined as 
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To solve this set of equations, the value of the mass transfer coefficients Lk ,
 

Vk  , the 

heat transfer coefficients Lh ,
 

Vh , the interfacial area Ia and the distribution ratios K  are 

required. The heat and mass transfer coefficients are obtained directly from correlations and 

the K -values are obtained from vapor-liquid equilibrium experiments. Mass transfer 

coefficients and interfacial areas depend upon physical and transport properties as well as 

the tray design and layout or the packing type and size. Distribution ratios are more easily 

found in the literature nowadays because many separation technologies where ionic liquids 

are involved require vapor-liquid or liquid-liquid equilibrium and some other 

thermodynamic properties for preliminary evaluation and equilibrium based simulations. 

However, when it comes to more rigorous rate-based modeling, no works are found in 

literature due to the difficulty of defining physical and transport properties. Due to this 

limitation, experimental work might be necessary to study the effect of physical and 

transport properties of ionic liquids on the mass transfer efficiency.  

 

 

2.3 Mass transfer and interfacial area correlations 

 

Due to their simplicity and availability of information in literature, two internals are 

used in this work: Sieve trays and Mellapak® structured packing. For the relevance of this 

work, the mass transfer coefficients are only analyzed in the liquid phase where the 

physical and transport properties of ionic liquids could influence the mass transfer. 

Therefore, below we emphasize the part of the correlations where physical and transport 

properties are involved. A more detailed description of these correlations is given in the 

literature presented in the sections below. Since ionic liquids do not vaporize, the vapor 

phase only contains water and ethanol whose physical and transport properties are well 

known and the heat and mass transfer coefficients easily calculated. Therefore, further 

analysis of this phase is not necessary. 
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2.3.1 Sieve trays 

 

For Sieve trays, the Chan and Fair [2,3] mass transfer correlation is preferred over 

other correlations like Zuiderweg [4] because it gives a better description of the mass 

transfer characteristics in distillation [5,6]. This correlation is based on the previously 

published AIChE correlation [7]. 
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To determine the interfacial area for mass transfer I
a  the Zuiderweg correlation [4] is 

used: 
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As it can be observed in the above set of equations, Maxwell-Stefan (MS) diffusion 

coefficients, liquid densities and surface tensions should be provided to determine the mass 

transfer on sieve trays.  

 

2.3.2 Mellapak
®
 structured packing 

 

For corrugated metal sheet packing, the Rocha et al. correlation [8,9] has been 

developed based on the previous correlation from Bravo at al. [10], which considers that the 

packing surface was completely wetted. The improved correlation has several theoretical 

advantages that are worth to mention. Firstly, it takes into account the partial wetting over 

the packing. This is especially important when having aqueous systems like water – 

ethanol. Water has a relatively high surface tension and this decreases the wetting of 

packing surface reducing the interfacial area for mass transfer. A second important point is 

that the penetration theory is used to evaluate mass transfer coefficients that are able to 

account for the increase in liquid phase resistance when using viscous solvents. In 

distillation it has been assumed that the main resistance to mass transfer resides in the vapor 

phase. However, some studies have shown that the liquid phase resistance cannot be 

neglected in distillation systems [11].  The Rocha et al. mass transfer correlation is the 

following. 
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Equations 2.30 to 2.39 define the liquid phase mass transfer correlation and all the 

physical and transport properties. The same physical properties as the case with sieve trays; 

liquid viscosity, density and surface tension should be provided to the rate-based model for 

correct predictions. Although the correlation of Billet and Schultes [12,13] is also able to 

describe the mass transfer in Mellapak structured packing, this correlation needs 

confidential parameters to be provided and was therefore discarded. 

 

2.4 Property requirements for extractive distillation of water – ethanol 

mixtures with ionic liquids 

 

The non-equilibrium or rate-based model is able to predict the performance of 

distillation processes by solving the mass transfer rate equations simultaneously with the 

stage conservation equations (equations 2.1 to 2.23). Mass transfer correlations are used to 

calculate mass transfer rates across the boundary phases (equations 2.24 to 2.38). These 

correlations require accurate physical and transport properties of the system in study. As 
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noted above, this point is very important since an incorrect description of the physical 

properties or using the wrong assumptions could bring erroneous predictions.  

Since extractive distillation is a thermal separation process involving multicomponent 

mixtures, the physical properties presented here must be well defined as function of 

temperature and concentration. Nowadays, physical properties for binary mixtures are 

scarce and barely found for ternary mixtures. This problem could be overcome by using 

semi-empirical methods such as group contribution methods [14]. Nevertheless, ionic 

liquids are a new class of fluids and these methods need experimental data to be developed. 

Therefore, in the absence of either experimental data or accurate estimative methods, an 

experimental determination would be necessary. A second step, after collecting the 

experimental data, is their correlation with available models.  

 

 

2.5 Ionic liquids for water ethanol separation 

 

Before discussing the physical properties that need to be measured, it is important to 

take into consideration one very important point in order to properly evaluate the extent to 

which the ionic liquid viscosities could affect the mass transfer efficiency:  

 

- The range of viscosities must be large enough to produce an effect on the liquid 

phase resistance.  

 

Nevertheless, a suitable ionic liquid for the separation of a specific mixture is chosen 

by the improvements in relative volatility. This last property also influences the mass 

transfer efficiency calculations. High relative volatilities improve the mass transfer 

efficiency. Therefore, a second point has to be taken into account in order to study the mass 

transfer efficiency:  

 

- A wide range of relative volatilities to study the effect of this property on the mass 

transfer efficiency. 
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So far, many ionic liquids have been proposed to separate the water – ethanol mixture 

by means of extractive distillation. A suitable selection of these solvents can be obtained 

from the work of Ge et al. [15] where the effect of the solvent concentration on relative 

volatility is experimentally studied. Figure 2.2, shows this effect for three solvents plus the 

reference solvent ethylene glycol, EG: 1-ethyl-3-methyimidazolium chloride, [emim][Cl]; 

1-ethyl-3-methyimidazolium acetate [emim][OAc]; and 1-ethyl-3-methyimidazolium 

dicyanamide, [emim][DCA] [16].  

In figure 2.2 it is observed that all the chosen ionic liquids show improvements over 

the reference solvent ethylene glycol (EG) and the effect of the solvent concentration is also 

clearly seen. The ionic liquids do not show large advantages at low solvent mass fractions. 

However, the differences appear at higher solvent mass fractions where for instance the 

relative volatility of [emim][Cl] is 1.75 times higher than that of EG.  Table 2.1 gives the 

dynamic liquid viscosity of these solvents at 298.15 K. 
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Figure 2.2. Relative volatility of the water – ethanol system in function of different 
solvents mass fractions. [15,16] 
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Table 2.1. Solvent viscosities at T = 298.15 K.  
 

Solvent Mw [g mol-1] η [mPa s] References 

[emim][Cl] 142 2597.69a [17] 

[emim][OAc] 171 132.91 [18] 

[emim][DCA] 177 14.90 [18] 

EG 62 16.61 [19] 

a Extrapolated viscosity from three experimental data points. 

 

In this table it is observed that the viscosity of [emim][Cl] is around 150 times higher 

than that of EG. Therefore, in this case it is possible to analyze the effect of viscosity on the 

mass transfer efficiency in an extractive distillation column since this solvent on one side 

eases the separation but on the other side the increased viscosity could create mass transfer 

limitations. [emim][OAc] also shows good improvements in relative volatility with a 

viscosity 8 times higher than the reference solvent EG. Here, less mass transfer limitations 

are expected. The case of [emim][DCA] is different because the viscosity of this ionic 

liquid is similar to EG and the relative volatilities are moderately higher. Therefore, 

improvements in mass transfer efficiency can be expected.  

 

 

2.6 Properties to be studied 

 

As observed above, the rate-based equations require physical and transport properties: 

liquid viscosity, MS diffusion coefficients, surface tension, liquid densities and liquid 

thermal conductivities.   

 

2.6.1 Liquid viscosity 

 

Since the dynamic liquid viscosity is the property under study in this work, high 

accuracy is needed. In the set of equations described above this property is furthermore 

needed in the estimation of MS diffusion coefficients, determination of liquid holdup in 
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packing (equation 2.33) and in the Reynolds dimensionless number (equation 2.36).  

Previous work by Weiss and Arlt [20] demonstrated a decrease in mass transfer efficiency 

with increased solvent viscosity in extractive distillation. The liquid phase viscosity 

increases the resistance to mass transfer and although in distillation it is accepted that the 

main resistance to mass transfer is in the vapor phase [21], the liquid phase resistance could 

become important at high liquid viscosities [22]. To quantify this, it is necessary to provide 

reliable liquid phase viscosities. This means that the dynamic viscosities must be estimated, 

predicted or measured as function of concentration and temperature. In the literature, 

several semi-predictive methods are available to estimate liquid phase viscosities such as 

UNIFAC-VISCO [23] or ASOG-VISCO [24]. However, no group contributions for 

mixtures containing ionic liquids have been developed so far. Although, experimental data 

for pure ionic liquids are nowadays fairly well known, in an extractive distillation column a 

ternary mixture is formed by the system water – ethanol – IL, for which experimental 

dynamic viscosity data are very scarce. Only a few experimental works have been 

published at 298.15 K [25-28] and one at several low temperatures [29] where water and 

ethanol are combined with the ionic liquids listed in table 2.1. In conclusion, experimental 

determination is necessary. At the same time, an accurate model to correlate this 

experimental data is needed as well. Since aqueous and polar mixtures show strong 

hydrogen bonding interactions the classical models [30,31] could fail in correlating the 

experimental data. Lately, the use of the Eyring theory in combination with an equation of 

state and a mixing rule gives very good results in multicomponent mixtures.  The Eyring-

Patel-Teja model with a Redlich-Kister type mixing rule is able to represent aqueous and 

polar multicomponent mixtures with great accuracy [32]. The model is described by the 

following equations: 
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and the Redlich-Kister mixing rule[33]: 
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Additionally, Margules-type mixing rules could be used [34,35]: 
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The viscosity of ionic liquids strongly decreases with increasing temperature. To better 

represent these changes, temperature-dependent interactions parameters ,i k
k  are introduced 

in this work: 
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2.6.2 Liquid diffusion coefficients 

 

Liquid diffusion coefficient represents the resistance to mass transfer. A more viscous 

liquid phase is reflected by lower diffusion coefficients. The rate-based model uses the 

Maxwell-Stefan theory of diffusion to determine the mass transfer rates (equation 2.18). 

More importantly, MS diffusion coefficients are required to calculate mass transfer 

coefficients (equations 2.24 and 2.30). To calculate these coefficients in a ternary mixture, 

infinite dilution diffusion coefficients are firstly needed and secondly a mixing rule allows 
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to calculate MS diffusion coefficients at any concentration. Kooijman and Taylor [36] 

developed a Vignes-type geometrically-consistent mixing rule to estimate MS diffusion 

coefficients in multicomponent mixtures: 
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Although, some authors have recommended this mixing rule [37], the research in this 

area is still progressing [38]. This section is dedicated to infinite dilution diffusion 

coefficients in the liquid phase. This does not mean that no vapor phase diffusion 

coefficients are required. They are needed to calculate mass transfer coefficients in the 

vapor phase and the mass transfer efficiency. These coefficients are calculated internally by 

ASPEN® Plus using the Chapman-Enskog-Wilke-Lee equation[39].  

The infinite dilution diffusion coefficient is a rather unknown property for systems 

containing ionic liquids. A few experimental studies can be found in literature [40-46], 

mainly of ionic liquids infinitely diluted in water and some polar solvents. In absence of 

experimental data, the Wilke-Chang equation (Equation 2.48) is normally used to predict 

infinite dilution diffusion coefficients with very poor and underestimated results [42].  
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This is explained by the fact that in the Wilke-Chang equation the molar volume at the 

normal boiling point of the solute ,b i
V  has to be provided (See equation 2.48). In the case of 

any ionic liquid infinitely diluted in water or ethanol the information of the molar volume at 

the normal boiling point of that ionic liquid is required. However, ionic liquids do not have 

an atmospheric boiling point or they decompose before reaching that point [47]. This is the 

source of the large deviations mentioned above. In literature, only data for [emim][DCA] in 

water is found. No information is encountered for the rest of ionic liquids listed in table 2.1. 

Therefore, an experimental determination of the infinite dilution diffusion coefficient of the 

ionic liquids in water or ethanol would be necessary. A second problem is that, the 
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experimental methods like the Taylor dispersion method are rather complicated and time 

consuming. An easier way to obtain these diffusion coefficients is by taking the advantage 

of the electrolyte nature of dissolved ionic liquids. By measuring the electrical conductivity 

of the ionic liquid infinite diluted in water or ethanol and the help of the Nerst-Haskell 

equation it is possible to determine the binary diffusion coefficients of the ionic liquids 

presented here infinite diluted in water or ethanol [42,48]. Equation 2.49 describes the 

Nerst-Haskell equation: 

 

0 0
0
, 2 0 0

u

i k

z zR T
�

z zF

+ − + −

+ − + −

+ Λ Λ
=

Λ + Λ  
2.49 

where 0
+Λ  and 0

−Λ  are the molar conductivities that are obtained from electrical 

conductivity measurements. The mathematical procedure to convert electrical 

conductivities into molar conductivities is described in detail elsewhere [42].    

On the other side, to predict the diffusion coefficient of water or ethanol infinitely 

diluted in ionic liquids the Wilke-Chang equation could be used. Now, the limitation of the 

molar volume at the normal boiling point is not present since this value for water and 

ethanol is well documented. Predictions are compared with experimental values reported in 

literature. Table 2.2 contains reported experimental data of water infinite diluted in 1-butyl-

3-methylimidazolium dicyanamide [bmim][DCA] and water in 1-n-butyl-3-

methylimidazolium bis(trifluoromethanesulfonyl)imide [bmim][NTf2] and results given by 

the Wilke-Chang equation. It gives acceptable approximations as it can be observed in the 

table 2.2 and it can be used as a predictive method for the infinite dilution diffusion 

coefficients of water or ethanol in the ionic liquids presented here. Unfortunately, no more 

experimental data is available to test the predictive capabilities of this equation. In 

conclusion, the infinite dilution diffusion coefficients of ionic liquids in water or ethanol 

can be predicted via the Nerst-Haskell equation supported by conductivity experiments and 

the infinite dilution diffusion coefficients of water or ethanol in ionic liquid can be 

estimated by using the Wilke-Chang relation. 

For the case of EG, the infinite dilution diffusion coefficients of water or ethanol in EG 

and in the other side EG in water or ethanol are found in literature [49-51], except for the 

infinite dilution diffusion coefficient of EG in ethanol which is predicted by using the 



Physical properties analysis�

�

33 
�

Wilke-Chang equation. Finally, the infinite dilution diffusion coefficient pair water in 

ethanol and vice versa can be found in literature [52,53]. 

 

Table 2.2. Infinite dilution diffusion coefficient of water in [bmim][DCA] at 
T = 298.15 K.  

 Literature  Wilke-Chang   

 
0
,i k

� x109/ m2 s-1 
0
,i k

� x109/ m2 s-1
 Ref. 

[bmim][DCA]
 

2.08 1.96 [44] 

 [bmim][Ntf2] 3.92 1.54 [44] 

 

 

2.6.3 Surface tension 

 

The effect of the liquid surface tension in distillation is mainly on the interfacial area 

for mass transfer and in the calculation of the liquid holdup when using the Rocha et al. 

mass transfer correlation. In packing for example, the surface tension determines the wetted 

area of the packing surface (equation 2.50). More importantly, when using structured 

packing to separate aqueous mixtures, the information of surface tension becomes crucial to 

determine the changes in wetting degree with composition [54]. Therefore, this information 

is important in calculating the mass transfer efficiency but it does not play any role when 

comparing different solvents since the values of surface tension with ionic liquids do not 

differ much from those of regular solvents. Table 2.3 depicts typical values of surface 

tension of some ionic liquids and the benchmark solvent ethylene glycol. 
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Table 2.3. Surface tension of ethylene glycol and some 
ionic liquids at T = 298.15 K. 

Solvent σ / mN m-1 References 

EG 47.89 [55] 

[bmim][MeSO4]
a 43.3 [56] 

[bmim][DCA]b 48.6 [57] 

[bmim][Cl]c 48.2f [58] 

[emim][EtSO4]
d 46.96 [59] 

[emim][BF4]
e 50.1 [60] 

a 1-butyl-3-methylimidazolium methylsulfate 
b 1-butyl-3-methylimidazolium dicyanamide 

c 1-butyl-3-methylimidazolium chloride 
d 1-ethyl-3-methylimidazolium ethylsulfate 

e 1-ethyl-3-methylimidazolium tetrafluoroborate 
f Value measured at 298.1K 

 

Various studies have shown the importance of surface tension in mass transfer 

efficiency when having the so-called Maragoni effect [61,62]. However, in this work the 

analysis is limited to one system (ethanol-water) and the comparisons of different solvents 

are carried out at comparable operating conditions using the same column internals. Since 

the system in this study is aqueous, the information of surface tension should be accurate 

enough to quantify the expected changes in surface wetting. To predict the surface tension 

of pure ionic liquids as well as in mixtures group contribution methods are available [14]. 

However, when ionic liquids are present, the lack of interaction parameters makes these 

methods inadequate. Therefore, experimental determination is necessary. This experimental 

determination should represent the change of this property with composition more than 

with temperature because the surface tension only decreases slightly and linearly with 

temperature. This is observed in pure ionic liquids [57,63], water and ethanol [64]. 

Therefore, the changes in composition are much more relevant and the surface tension 

could be only measured at room temperature.  Secondly, a model to accurately correlate the 
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experimental data is required. The Fu-Li-Wang mixing rule [65], which is depicted in 

equation 2.50, allows correlating polar and aqueous systems.  
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2.50 

 

2.6.4 Liquid density 

 

The fourth physical property is the liquid density. This is the most abundant and simple 

to measure property that can be found in literature. Furthermore, it is not a crucial property 

to determine mass transfer even though this property is required in many equations within 

the rate-based model. Liquid density is mainly necessary for equipment sizing. Therefore, it 

can be predicted. The manner of predicting this property is discussed in chapter 3.  

 

 

2.6.5 Liquid thermal conductivity 

 

Liquid thermal conductivity is a transport property that accounts for the resistance to 

heat transfer. Specifically, this property must be defined in the heat transfer correlation. In 

distillation, the Chilton-Colburn analogy is used: 
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2.52 

Equation 2.52 also applies for the average mass transfer coefficient 
L

k . Despite of the 

importance of thermal conductivity in heat transfer processes, the experimental information 
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about this property is very limited and even scarcer in mixtures. However, in distillation the 

temperature gradients between phases are not high enough to consider the thermal 

contributions to mass fluxes [39]. Therefore, this property can be predicted using the 

classical methods from literature. The Sato-Reidel equation is capable to estimate thermal 

conductivities of liquids with only knowing the molecular weight, boiling point and critical 

temperatures of the fluids [14]. It is important to say that, boiling point and critical 

temperatures concern information that does not exist for ionic liquids. However, these 

points can be somehow predicted by a group contribution method available in literature 

[66]. Typical values for liquid thermal conductivity of ionic liquids range from 0.1 to 0.22 

W·m-1·K-1 approximately and they are almost independent with temperature [67-72]. 

Experimental data and predicted values are presented in table 2.4. 

Table 2.4 shows that the predictions underestimate the experimental values and the 

deviations are relatively large. However, the errors are acceptable for distillation processes 

due to the reasons discussed above. In mixtures, the thermal conductivity can be calculated 

by using the Li mixing rule [73]. 

 

 

Table 2.4. Thermal conductivity of two ionic liquids and the 
predicted values at T = 293.15 K. 

 Literature  Sato-Riedel   

 λ  / W m-1 K-1 λ  / W m-1 K-1
 Ref. 

[emim][OAc]
 

0.2110 0.130 [71] 

 
[emim][DCA] 

0.2021 0.141 [71] 

 

 

 

 

L

i k ik

i k

λ ϑ ϑ λ=��  
2.52 
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2.54 

1
i

i

ϑ =�  2.55 

 

 

2.7 Conclusions 

 

The rate-based model provides reliable predictions for the extractive distillation 

process to separate water – ethanol mixtures only when reliable physical and transport 

properties are provided. In this chapter, the required physical and transport properties were 

evaluated according to the needs of the rate-based model in order to correctly describe the 

mass transfer efficiency changes when using ionic liquids as solvents.  

Two internals were chosen: Sieve trays and Mellapak® 250Y. Mass transfer 

correlations for those internal were also chosen: Chan & Fair [2,3] and Rocha et al. [8,9] 

respectively. 

For water – ethanol separation the ionic liquids 1-ethyl-3-methyimidazolium chloride, 

[emim][Cl]; 1-ethyl-3-methyimidazolium acetate [emim][OAc]; and 1-ethyl-3-

methyimidazolium dicyanamide, [emim][DCA] were chosen. Furthermore, ethylene glycol 

was selected as the reference solvent.  

Reliable dynamic viscosities for all the solvents have to be provided by means of 

experimental determination. Besides that, this data must be provided as function of 

temperature and concentration in the ternary mixture water – ethanol – solvent. To 

represent correctly the experimental viscosity data the Eyring-Patel-Teja model was 

selected from literature. 

Infinite dilution diffusion coefficients of ionic liquids in water or ethanol are 

determined by measuring electrical conductivities and the help of the Nerst-Haskell 

equation. The Wilke – Chang correlation can be used in the case of infinite dilution 
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diffusion coefficients of water or ethanol in ionic liquids. When using ethylene glycol as 

solvent, most values can be obtained from literature. To determine the Maxwell-Stefan 

diffusion coefficient in mixtures the Kooijman and Taylor mixing rule [36] is used. 

In the case of liquid densities, this property can be predicted. 

Liquid surface tension is another property that has to be accurately provided. This 

property needs to be experimentally determined only as function of concentration. The Fu-

Li-Wang mixing rule [65] is used to correlate the experimental data. 

Finally, liquid thermal conductivity of a pure solvent is a property that can be 

predicting using the Sato-Reidel [14] method for common fluids. The Li mixing rule [73] is 

used to represent the changes of this property with composition. 

 

 

 

 

Nomenclature 

 

a  Constant in Patel-Teja equation of state  

a  Interfacial per unit of volume of liquid, m2 m-3 

e
a  Effective surface area per volume of the column, m2 m-3 

I
a  Interfacial area, m2 

P
a  Specific area of the packing, m2 m-3 

b
A  Total active bubbling area on the tray, m2 

t
A  Cross-sectional area of the column, m2 

i
a  Constant in the Patel-Teja equation of state 

E
C  Correction factor for surface renewal 

P
C  Specific molar heat capacity, J kmol-1 K-1 
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L
�  Maxwell-Stefan Diffusion coefficient, m s-1 

F  Faraday’s constant, C mol-1 

L
F  Feed molar flow rate of liquid, kmol s-1 

S
F  Superficial F-Factor, kg0.5 m-0.5 s-1 

SE
F  Factor for surface enhancement 

t
F  Correction factor for total holdup due to effective wetted area 

FP  Flow parameter 

L
Fr  Dimensionless Froude number 

effg  Effective gravity, m2 s-1 

ex
G  Excess Gibbs free energy of mixture, J kmol-1 

h  Heat transfer coefficient, J m-2 K-1 s-1 

cl
h  Clear liquid height, m 

fh  Froth height, m 

P
h  Height of a packing section, m 

t
h  Fractional holdup 

H  Enthalpy, J kmol-1 

H  Partial enthalpy, J kmol-1 

L
k  Mass transfer coefficient, m s-1 

K  Distribution coefficient  

l  Binary parameter in mixing rules 

l  Averaged binary parameter, ( ), , 2i k k il l l= +  

w
l  Average weir length (per liquid pass), m 
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L  Liquid molar flow rate, kmol s-1 

w
M  Molecular weight, kg kmol-1 

N  Mass transfer rate, kmol s-1 

q  Heat transfer rate, J s-1 

Q  Heat input to stage, J s-1 

L
Q  Total volumetric flow rate for the liquid, m3 s-1 

R  Inverse of the mass transfer coefficient matrix, s kmol-1 

G
R  Universal gas constant, J kmol-1 K-1 

u
R  Universal gas constant in Nerst-Haskell equation, J mol-1 K-1 

Re
L

 Dimensionless Reynolds number in liquid phase 

S  Slant height of a corrugation, m 

T  Temperature, K 

S
u  Superficial velocity for the liquid, m s-1 

Le
u  Effective velocity through the channel for liquid, m s-1 

V  Liquid molar volume, m3 kmol-1 

b
V  Liquid molar volume at the normal boiling point, m3 kmol-1 

x  Molar fraction of the liquid 

y  Molar fraction of the vapor 

,z z+ −  Charge number of ion 

 

 

Greek letters  

α  Relative volatility 
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δ  Delta kronecker 

ε  Void fraction of packing 

φ  Fractional hole area per unit bubbling area 

Φ  Association factor for the solvent (2.26 for water; 1.9 for methanol, 1.5 for 
ethanol and 1 for unassociated solvents) 

Γ  Matrix of thermodynamic factors 

γ  Contact angle between solid and liquid film, deg 

η  Liquid viscosity, mPa s 

ϕ  Fugacity coefficient 

0ϕ  Fugacity of the pure component 

ϑ  Volume fraction 

λ  Thermal conductivity, W m-1 K-1 

0 0,+ −Λ Λ  Molar conductivities, m2 S mol-1 

θ  Angle with horizontal of falling film or corrugation channel, deg 

t
ρ  Mass density, kg m-3 

ρ  Molar density, kmol m-3 

σ  Surface tension, nN m-1 

ξ  Relative froth density 

 

Subscripts 

, , ,i k m n  Component indices  

j  Stage indice 

 

Superscripts 



Chapter 2 
 
�

42 
�

 

,FL FV  Liquid feed, vapor 

I  Interface 

L  Liquid 

V  Vapor 

0  Infinite dilution 
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3 
Experimental determination and modeling of the physical 
properties to develop a rate-based model for the separation of 
water – ethanol mixtures 

 

 

Abstract 

To use the rate-based model in predicting the performance of the extractive distillation with 

ionic liquids and studying the mass transfer efficiency of the process, several physical and 

transport properties are necessary. The scarcity of experimental data or mathematical 

models model to predict this data leads to measure it experimentally. It was determined 

before that, only liquid dynamic viscosities, infinite dilution diffusion coefficients and 

surface tension should be measured in a wide range of temperature and concentration to 

provide reliability in the predictions given by the rate-based model. In this work these 

properties were measured in the established ranges. However, to make these properties 

usable in ASPEN® Plus, the experimental data was correlated with models. The Vogel 

equation [1] correlated very well pure viscosities and polynomials correlated diffusion 

coefficients at infinite dilution and densities. The Eyring-Patel-Teja model [2]and the Fu-

Li-Wang mixing rule [3] correlated very well the viscosities and the surface tension 

respectively.  
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3.1  Introduction 

 

In the previous chapter, it was established which physical and transport properties are 

necessary to provide accuracy in mass transfer analysis when using the rate-based model.  

The properties are: liquid viscosity, infinite dilution diffusion coefficients and surface 

tension. Additionally, liquid densities are measure since this property is required to obtain 

dynamic viscosities. The first property has to be provided as function of concentration and 

temperature. The second property only depends on temperature and then a mixing rule 

describes this property as function of concentration. And finally, the surface tension has to 

be provided as function of concentration at room temperature. Additionally, the ionic 

liquids to study the effect of the physical and transport properties on the mass transfer 

efficiency of an extractive distillation column were defined. These ionic liquids are: 1-

ethyl-3-methylimidazolium acetate [emim][OAc], 1-ethyl-3-methylimidazolium 

dicyanamide [emim][DCA] and 1-ethyl-3-methylimidazolium chloride [emim][Cl]. Their 

performance is finally compared with ethylene glycol EG. A few experimental works are 

already available in literature containing the required data.  

Pure dynamic viscosities of [emim][OAc] [4-6], [emim][DCA] [5,7-10] and 

[emim][Cl] [4] can be found in literature. However, as function of concentration only one 

work is found for the mixture [emim][OAc] – water [4]. To our knowledge, no 

experimental binary and ternary mixture water – ethanol – solvent is reported in literature. 

For the case of EG, pure dynamic viscosities and binary mixture water – EG at several 

temperatures as are well known [11-15]. Experimental ternary dynamic viscosities as 

function of temperature are only published in a previous study for a limited range of 

compositions and temperatures [16]. On the other hand, the case of the infinite dilution 

diffusion coefficients the available literature is fairly limited and in the previous chapter it 

was established that this property should be experimentally determined. Finally, the surface 

tension of the pure solvents to be analysed can be found in literature [8,9,12,17], except for 

[emim][OAc] and [emim][Cl] which is solid at room temperature. However, in mixtures, 

only water – ethylene glycol can be found in literature [12].  
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The objective of this chapter is to experimentally determine the mentioned properties 

of the solvent for both pure and in binary and /or ternary mixtures.  Additionally, the 

modelling of this experimental data with available model from literature is carried out to in 

order to use all the measured data in ASPEN® Plus.  

 

3.2 Experimental  

 

3.2.1 Chemicals  

 

The ionic liquids 1-ethyl-3-methylimidazolium acetate with a mass fraction purity 

higher than 95 wt%, 1-ethyl-3-methylimidazolium dicyanamide with a mass fraction purity 

higher than 98 wt% and 1-ethyl-3-methylimidazolium chloride with a mass fraction purity 

higher than 98 wt% were purchased from Ionic Liquids Technologies GmbH. The initial 

water content of these ionic liquids in mass fraction was 0.13 wt% for [emim][OAc] and 

0.17 wt% for [emim][DCA]. The rest of the components present in the ionic liquids are 

unreacted ethylimidizadole and their salts. [emim][Cl] is solid at room temperature, 

therefore the water content was not measured. The ionic liquids (except for [emim][Cl]) 

were dried under vacuum (~7 mbar) and a temperature of ~ 343.15 K in a rotary evaporator 

for 24 hours to reduce the initial water content. The water content was measured by using 

796 Karl Fisher analysis. After drying, the water content of the ionic liquids was 0.13 wt% 

and 0.09 wt% in [emim][OAc] and [emim][DCA], respectively. It was not possible to dry 

[emim][OAc] due to its highly hydrophilic character. Anhydrous grade ethylene glycol was 

purchased from Sigma Aldrich with mass fraction purity higher than 99.8 wt%. The water 

content of this solvent was 0.02 wt% measured with a 796 Karl Fisher analysis and no 

further drying was performed. Ethanol was purchased from Merck with mass fraction purity 

higher than 99.5 wt% and a water content of 0.04 wt%. This ethanol was used without 

further purification in measurements with EG and the water content was removed using 

molecular sieves (3Å) purchased from Sigma Aldrich for the measurements with ionic 

liquids. The final water content of this ethanol in mass fraction was 0.02 wt%. Finally, 
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deionized ultrapure water was used (18.2 M�·cm, Milli-Q system, Millipore, Billerica, 

USA).  

For the infinite dilution diffusion coefficients measurements, Potassium chloride (KCl) 

standards, Certipur®, were purchased from Merck KGaA. Table 3.1 summarizes the purity 

of the used chemicals. 

 

Table 3.1. Sample purity description.  
Chemical name Source Initial 

mass 
fraction 
purity 

Initial 
water 
mass 

fraction 

Purification 
method 

Final 
Water mass 

fraction 

[emim][OAc] Iolitec 
GmbH 

> 0.95 0.0013 Vacuum 
evaporation 

0.0013 

[emim][DCA] Iolitec 
GmbH 

> 0.98 0.0017 Vacuum 
evaporation 

0.0009 

Ethanol Merck > 0.9995 0.0005 Molecular 
Sieves (3Å) 

0.0002 

 

 

3.2.2 Apparatus and procedure 

 

3.2.2.1 Viscosity measurements 

 

The samples were prepared in an Erlenmeyer flask with a NS top. Nitrogen was fed 

into the Erlenmeyer to avoid water uptake by the ionic liquids and EG. After this step, the 

closed flask was filled with solvent, water and/or ethanol until reaching the desired 

concentration. A stirring magnet assured good mixing (10 minutes). The composition of the 

mixture was determined using a Mettler Toledo AT200 high precision balance (±0.0001 g). 

This flask was kept closed to prevent water uptake and ethanol vaporization.  

Densities were measured using an Anton Paar DMA-5000 densimeter. This was first 

calibrated using air and standard ultra-pure water provided by Anton Paar GmbH in the 

temperature range of T = 293.15 K to T = 333.15 K and compared with values reported in 

the densimeter instruction manual. The uncertainty in density provided in the apparatus is 

5x10-6 g·cm-3. The densimeter automatically corrects the effect of viscosity on the density. 

Additionally, the temperature is controlled automatically by the densimeter with a 
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resolution of ±0.001 K. During the experiments, densities were measured three times. The 

measured density was compared with literature data of a known ionic liquid and the results 

are shown in Table 3.2. To do this, 1-ethyl-3-methylimidazolium ethylsulfate, 

[emim][EtSO4] was taken as a reference with a water content of 0.01wt% mass fraction. 

Comparison between these measurements and existing experimental data show good 

agreement with deviations less than 0.1%.  

Kinematic viscosities were determined using an automatic and PC-controlled 

viscosimeter Lauda iVisc with Ubbelhode capillary viscosimeters from Schott. The 

measuring principle is gravity fall and the equipment measures the falling time. To ensure 

accurate results, the falling time has to be between 200 and 1000 seconds. Therefore, to 

correctly measure these two ionic liquids in the given range of temperatures, a complete 

series of eight capillary diameters from 0.36 mm to 1.50 mm (referenced at Schott-Geräte 

GmbH) were used. These viscosimeters calibrated and credited by the supplier with a 

relative uncertainty of 0.65% at a confidence level of 95%. The equipment has a software 

control unit to measure the falling time with a resolution of 0.01s. Temperature was kept 

with a LAUDA E200 thermostat with resolution of 0.01K by using a LAUDA 015T water 

bath. To avoid water uptake during the measurements, the viscosimeter was constantly 

fluxed with nitrogen at a pressure of 30 mbar. Measurements were compared with existing 

pure ionic liquids [emim][EtSO4], [emim][OAc], [emim][DCA] and EG from literature and 

the results are shown in Table 3.2. The measurements show good agreement with literature 

data. The falling times were measured between 3 and 5 times.  

 

3.2.2.2 Infinite dilution diffusion coefficients measurements  

 

Electrical conductivities were measured using a Cole-Parmer conductivity meter 

(model 1481-90) with a platina dip cell (model 1481-95). The measuring resolution is 1 �S 

cm-1 for conductivities between 200-2000 �S cm-1 and 0.1 �S cm-1 for conductivities 

between 20-200 �S cm-1. A secondary conductivity meter (model MultiLine P4) was used 

to validate the results of the first meter at 298.15 K. Temperatures were measured using an 

IKA® ETS-D6 thermocouple with a measuring resolution of 0.01 K.  
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Table 3.2. Comparison of the measured values for pure components and literature data. 

 ρ  [g cm-3] η  [mPa s] 

 Experimental literature Experimental literature 
[emim][EtSO4] 1.240184 1.23915a 

1.23763b 
101.42 100.77a 

97.58b 

[emim][OAc] 1.09778 1.0993c 
1.102d,� 
1.0997f 

132.91 143.61c 
162.00e 

162.00g,� 
[emim][DCA] 1.10198 1.1008h 

1.10891i 
1.104c 

1.1084m 
1.1092p 

14.90 14.50h 
18.76i 

16.088c 
20.99o 

Water 0.997039 0.99705q 0.89 0.89q 

ethanol 0.78507 0.78546q 1.087 1.082q 
EG 1.10989 1.1100r 

1.1085s 
1.1084t 

16.61 16.474u 

Ref. a[18], Ref. b[19], Ref. c[5], Ref. d[20], Ref. e[4], Ref. f[21], Ref.g[6], Ref. 
h[7], Ref. i[9], Ref. m[17], Ref. o[10], Ref. p[22], Ref. q[23], Ref. r[24], Ref. 
s[13], Ref. t[25], Ref. u[16]. 
Standard uncertainties u are u(T) = 0.003, u(�) = 1E-05 and the relative standard 
uncertainty ur in ur(�) = 0.0033. 
� Literature data reported at T = 298.1 K. 
� Literature data reported at T = 293.15 K. 

�

 

The conductivity meter is calibrated before each measuring sequence. The actual cell 

constant is specified by a rotating button during the calibration. Certipur® KCl standards 

are used with a concentration of 0.01 mol L-1 at 1.41 mS cm-1 nominal and 0.001 mol L-1 at 

0.147 mS cm-1 nominal. A sample with a stirrer is placed in a heating bath. The 

conductivity dip cell and the thermocouple are submerged in the solution, after which it is 

sealed. This is done in order to minimize evaporation of the solvent, and thereby change the 

concentration, when increasing the temperature. The measuring range of the equipment is 

set manually. Electrical conductivities are measured while gradually increasing the 

temperature of the water bath. Calibration of equipment followed the same procedure. The 

cell constant was fixed at the reference temperature, 298.15 K. Afterwards the temperature 

was increased to check that conductivities at higher temperatures were consistent with 

reported values. The error on measuring accuracy is less than 1% for the entire temperature 



Experimental determination and modeling of the physical properties�

�

55 
�

range. The reliability of the results are tested with reported in literature [22] and given in 

Table 3.3. The maximum relative error from the literature data is 17%.  

 

3.2.2.3 Surface tension measurements 

 

The surface tension of the ternary system water – ethanol – solvent was measured at 

298.15 K with a Kruss K11 tensiometer using a ring of 9.545 mm radius certified by Kruss 

GmbH. The ternary samples were prepared in an Erlenmeyer flask with a NS top to 

minimize the water uptake and ethanol vaporization. The closed flask was filled with ionic 

liquid or EG, water and ethanol until reaching the desired concentration. A stirring magnet 

assured good mixing (10 minutes). The composition of the mixture was determined using a 

Mettler Toledo AT200 high precision balance (±0.0001 g). Right after this step, the 

prepared samples were placed into the tensiometer to determine the surface tension. The 

surface tension measurements were corrected using the Huh&Manson method that is 

already implemented in the tensiometer and has a large range of validity. This method 

corrects the surface distortion when the ring pulls the liquid surface. The tensiometer 

resolution is 0.1 mN m-1 and 0.1 K. For validation the surface tension of  pure water, 

ethanol, [emim][EtSO4], [emim][DCA] and EG were measured at around 298.15 K and 

compared to values reported in literature. These comparisons are reported in Table 3.4. 

Deviations from literature data are less than 1% except when comparing the measurements 

of [emim][DCA] with literature data that show larger deviations. During the experimental 

procedure, the surface tension was measured three times. The measured ternary 

compositions cover the region where the extractive distillation takes place.  
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Table 3.3. Binary diffusion coefficients of [emim][DCA](3) at infinite diution in 
water(1) at several temperatures. 

T [K] 0
31� x10E09 [m2 s-1] 0

31� x10E09 [m2 s-1] 
[22] 

RD 
a 

[%] 

298.15 1.259   
303.15 1.429 1.253 14.05 
308.15 1.604 1.407 14.00 
313.15 1.785 1.538 16.06 
318.15 1.971 1.706 15.53 
323.15 2.164 1.849 17.04 

a
0 0 0
, , , , , , [%] 100 i j lit i j pred i j litR � � �D = −  

�

�

Table 3.4. Comparisons of measured surface tension 
of pure water and ethanol with literature data at T = 
298.15 K and  experimental surface tension for the 
system water(1) – ethanol(2) – solvent(3) at room 
temperature. 

 
 
 
 
 
 
 
 
 
 
 

Ref. a[26], Ref. b[27],  Ref. c[28], Ref. d[19], Ref. 
e[9], Ref. f [8], Ref. g[17]. 
� Standard uncertainties u are u(T) = 0.03 K and u(σ
) = 0.12   [mN m-1]. 
� Literature data reported at T = 293.15 K. 
� Literature data reported at T = 293 ± 0.5 K. 

 

 

 

 σ [mN m-1] 
 Experimental Literature 

Water 71.5 71.35a 

72.01b 
Ethanol 22.0 22.0a 

21.8c 
[emim][EtSO4] 46.9� 46.96d 

[emim][DCA] 40.3� 44.14e,� 
64f � 

60.06g 
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3.3 Results 

 

3.3.1 Viscosity of pure solvents and in mixtures with water and/or ethanol 

 

Density ρ  and dynamic viscosities η  of pure [emim][OAc], [emim][DCA] and EG 

from T = 298.15 K to T = 343.15 K for the ionic liquids and from T = 298.15 K to T = 

328.15 K for EG are reported in Table 3.5. The density ρ  values are fitted as a function of 

temperature by the method of the least squares using the linear expression given by 

Equation 3.1. Dynamic viscosities η  are fitted as a function of temperature using the Vogel 

equation [1] (3.2) and Andrade equation [29] (3.3). The parameters in these equations were 

fitted with the by the method of the least squares. The obtained value of these parameters is 

given in Table 3.6 along with the sum of square error (SSE) with a 95% confidence. 

[emim][Cl] was not measured due to it is solid at room temperature. Figure 3.1 shows a 

comparison between the experimental dynamic viscosities (points) of the three solvents and 

the regression with the Vogel equation. The Vogel equation agrees very well with 

experimental data.  

 

 a bTρ = +  3.1 

( ) 2
1

3

c
ln c

T c
η = +

+
 

3.2 

( ) ( )2
1 3

c
ln c ln

T
c Tη = + +  

3.3 

 

In general, both three-parameter equations represent the marked decrease of viscosity 

with temperature in ionic liquids well. Also, the equations describe very well the viscosity 

of EG as function of temperature. However, the Vogel equation shows a better agreement 

with experimental data. 
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In appendix A.3 the binary and ternary dynamic viscosities for the system ( 1x water + (

11 x− ) IL), ( 2x ethanol + ( 21 x− ) IL) and ( 1x water + 2x ethanol + 1-( 1 2x x+  ) IL) between 

the temperatures 298.15 K and 343.15 K at atmospheric pressure are reported from table 

A.3.1 to A.3.3. These tables show an important decrease in viscosities with increasing 

water or ethanol mole fraction. However, this decrease is sharper in mixtures containing 

ethanol. The decrease in viscosities with increasing temperatures is well noticeable in the 

ternary mixtures. However, when the concentration of any of ionic liquid presented here is 

low, this decrease is less marked. Also, in table A.3.4, ternary dynamic viscosities and 

densities are presented for the system ( 1x water + 2x ethanol + 1-( 1 2x x+  ) EG). 

 

Table 3.5. Densities, ρ  and dynamic viscosities, η , of [emim][OAc], [emim][DCA] and 
EG at several temperaturesa. 

 ρ  [g cm-3] η  [mPa s] 

T/(K) [emim][OAc] [emim][DCA] EG [emim][OAc] [emim][DCA] EG 

303.15 1.09472 1.09866 1.10638 97.98 12.93 13.58 
308.15 1.09167 1.09537 1.10286 74.34 11.36 11.24 
313.15 1.08862 1.09209 1.09931 57.72 10.07 9.40 
318.15 1.08558 1.08883 1.09575 45.76 8.98 7.95 
323.15 1.08255 1.08558 1.09216 36.92 8.05 6.77 
328.15 1.07953 1.08236 1.08856 30.31 7.26 5.83 
333.15 1.07653 1.07915  25.19 6.58  
338.15 1.07353 1.07595  21.24 5.99  
343.15 1.07054 1.07277  18.10 5.48  

a Standard uncertainties u are u(T) = 0.003 [K] and u( ρ ) = 1E-05 [g cm-3], and the relative 

standard uncertainty ur is ur(η ) = 0.0034.    
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Table 3.6. Fitted parameters of equation 3.1 to 3.3 for pure 
density � , and viscosity � , of the solvents. 

Property 
3 g cmρ −� �� �  

Solvent a  b  SSE 
[emim][OAc] 1.278 -0.0006054 1.20·10-8 
[emim][DCA] 1.295 -0.000649 3.71·10-8 

EG 1.322 -0.000711 8.04E-09 

Property [ ] mPa sη  

 Vogel 

Solvent 1c  2c  3c  SSE 
[emim][OAc] -1.621 664.5 -196.1 0.008184 
[emim][DCA] -1.719 682.4 -143.7 0.001755 

EG -3.755 1038 -140.1 1.65E-05 
 Andrade 

Solvent 1c  2c  3c  SSE 
[emim][OAc] -342.7 20190 49.11 0.2193 
[emim][DCA] -84.9 6040 11.82 0.003149 

EG -130.7 9071 18.09 0.0001248 
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Figure 3.1. Comparison between the experimental viscosities of the three solvents and the 
Vogel equation. 
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3.3.2 Infinite dilution diffusion coefficients 

In this section the results of the experimentally determined infinite dilution diffusion 

coefficients are shown. These values are obtained using the Nerst-Haskell relation for 

electorlites. However, we limit the results to those coefficients and the measured electrical 

conductivities an all the intermediate calculation steps to arrive to the final diffusion 

coefficients are left out. Anyhow, a complete description on how to obtain this property is 

explained elsewhere [22,30]. In the appendix section, Table A.3.5 shows the obtained molar 

conductivities from electrical conductivity measurements. That experimental data leads to 

obtain infinite dilution diffusion coefficients that are shown in Table 3.7 for an IL in water 

or in ethanol at several temperatures.  

Table 3.7. Infinite dilution diffusion coefficients 0
,i j

� x10E09 [m2 s-1] of the ionic liquids in 

water or ethanol. 
 Solvent 

T [K] Water Ethanol 

[emim][OAc] [emim][DCA] [emim][Cl] [emim][OAc] [emim][DCA] [emim][Cl] 

298.15 1.042 1.259 1.462 0.553 0.651 0.582 
303.15 1.183 1.429 1.666 0.617 0.724 0.648 
308.15 1.329 1.604 1.877 0.682 0.799 0.715 

313.15 1.479 1.785 2.094 0.751 0.876 0.785 
318.15 1.633 1.971 2.319 0.821 0.955 0.857 

323.15 1.791 2.164 2.551 0.894 1.035 0.932 

 

The conductivities of ionic liquids were measured in water and in ethanol to obtain the 

infinite dilution diffusion coefficients presented in Table 3.7. As observed in this table, 

these values are lower in ethanol compared to water, which is as expected. Li et al. [31] 

reported that organic solvents have a strong influence on physical properties, depending on 

the dielectric constant of the solvent. The molar conductivity, and therefore diffusion, 

decreases with increasing organic solvent compared to the pure ionic liquid. It was 

confirmed that the solvents enhance the association of ionic liquids to aggregates, which 

results in a lower mobility. This is in agreement with the results obtained in this work. In 

contrast, the molar conductivity increases with increasing the amount of water. This solvent 

is able to break ionic aggregates by enhancing the dissociation, leading to an increase of the 
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ionic mobility. From Table 3.7, Diffusion coefficients follow the trends: [emim][Cl] > 

[emim][DCA] > [emim][OAc] for these ionic liquids diluted in water. This trend was 

expected as [emim][Cl] is the strongest electrolyte, whereas the [emim][OAc] is the 

weakest. Acetate, with a pKa value of 4,76 in water [32], is subjected to an acid-base 

equilibrium, leading to a decrease in conductivity.  In ethanol, a polar protic solvent, these 

effects are different. Here [emim][DCA] > [emim][Cl] � [emim][OAc]. A possible 

explanation for the change of order between the ionic liquids, is the low solubility of 

chlorine in ethanol [33]. This could promote the association of the ionic liquid, leading to 

larger aggregates and decreased mobility.  

The infinite dilution diffusion coefficients  0
,i j

�  values are fitted as a function of 

temperature by the method of the least squares using the quadratic expression given by 

Equation 3.4. The found parameters are shown in Table 3.8 along with the sum of square 

errors at 95% of confidence.  

20
,i j

a T� bT c= + +  3.4 

 
Table 3.8. Fitted parameters of equation 3.4. 

solvent water 
solute a  b  c SSE 

[emim][OAc] 0.1577 -0.02195 8.357e-005 1.786e-007 
[emim][DCA] 1.414 -0.03438 0.0001136 4.071e-007 

[emim][Cl] 1.967 -0.04343 0.00014 3.429e-007 
solvent ethanol 
solute a  b  c SSE 

[emim][OAc] 0.9613 -0.01521 4.643e-005 5.214e-007 
[emim][DCA] -0.4223 -0.007262 3.643e-005 1.786e-007 

[emim][Cl] 0.8865 -0.01486 4.643e-005 4.071e-007 
 

Finally, a summary of the source of all the infinite dilution diffusion coefficients is 

given in Table 3.9.  
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Table 3.9.  Literature review and prediction of infinite dilution diffusion coefficients 
0 0
ij ji
� �≠ for the system water – ethanol – solvent.  

0
ij
�  Water Ethanol EG [emim][Cl] [emim][OAc] [emim][DCA] 

Water  [34,35] [36] (w&ch) (w&ch) (w&ch) 
Ethanol [34,35]  (w&ch) (w&ch) (w&ch) (w&ch) 

EG [36] [37]     
[emim][Cl] (n&h) (n&h)     

[emim][OAc] (n&h) (n&h)     

[emim][DCA] [22] (n&h)     

(w&ch) = predicted using the Wilke-Chang equation. 
(n&h) = Obtained by using the method presented here. 
 

3.3.3 Surface tension 

The surface tensions of the pure ionic liquid were measured at T = 298.15 K. At higher 

temperatures, the surface tension can be predicted by the method of Macleod-Sudgen and 

presented by Fröba et al. [9] only by knowing the surface tension at a given temperature 

and the density in function of temperature. This is represented by equation 3.5:  

298.15  K
298.15 K

) (
ρ

σ σ
ρ

� �
= ⋅� 	


 �
 

3.5 

 

Results given by this semi-predictive equation were compared with literature data [21] 

giving average deviations less than 4%. This relation can overcome the lack of 

experimental data at higher temperatures.  

In Tables A.3.6 to A.3.9, the surface tensions for the system ( 1x water + 2x ethanol + 1-

( 1 2x x+  ) solvent) at around T = 298.15 K are reported. From these tables it is observed 

that, in the water-rich zone, high surface tensions are reported. However, the use of 

[emim][Cl] produces the highest values since high degree of association between water and 

the ionic liquid. The information of ternary surface tension is very valuable to determine the 

mass transfer in structured packing in extractive distillation.  
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3.3.4 Correlation of experimental data in mixtures 

 

To correlate the binary and ternary experimental data presented in sections above and 

find the binary parameters associated to the models, we use the non-linear least square 

method. The used objective function is given by equation 3.6, where 
i

γ  represents any 

property. Equation 3.7 represents the overall average deviation. 

, ,

1 ,

expn
i exp i calc

i i exp

obj
γ γ

γ=

−
=�  

3.6 

, ,

1 ,

100
%

expn
i exp i calc

iexp i exp

ADD
n

γ γ

γ=

−
= �  

3.7 

 

3.3.4.1 Density correlation 

Experimental binary and ternary liquid densities are normally correlated by a Redlish-

Kister polynomial expansion at one temperature using the excess molar volume data. In this 

work a simple quadratic mixing rule [38] is applied to correlate these data at any 

temperature: 

0.5( )l l l

m i i i j ij i j

i i j

V x V x x K V V= +� � �  3.8 

with � ; 0ij ji ii jjK K K K= = = ��� Table 3.10 lists the obtained binary parameters for the 

mixture water – ethanol – EG between T = 298.15 K and T = 328.15 K and the overall 

average deviation. In general, this quadratic mixing rule correlates the ternary liquid 

densities very well. This is not a surprise, since the deviations from ideality are usually 

negligible. This shows that the ideal term of equation 3.8 could be used alone for predictive 

purposes without losing accuracy when there is lack of experimental data. This fact can be 

seen in Table 3.10 where the found binary parameters are very small. In this table, %ADD 

ideal is the overall average deviation for the ideal term solely. It is important to notice that, 
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the density of [emim][OAc] and [emim][DCA] was measured in binary as well as in ternary 

mixtures. Both were regressed all together.  

Table 3.10. Binary parameters ijK  of the quadratic mixing rule given by 

equation 3.8. 
Interaction 
parameter 

EG [emim][OAc] [emim][DCA] [emim][Cl] 

12K  -0.0751 -0.0787 -0.060 0 

13K  -0.0276 -0.0611 0.019 -0.0413 

23K  -0.0126 -0.0214 -0.025 -0.0508 

%ADD 0.15 0.25 0.89 0.56
a 

%ADD ideal 2.15 1.59 1.06  
a Some density points of pure [emim][Cl] were measured near T = 373.15 
K. The final polynomial is: 20.0009819 0.6609 242.9T Tρ − += . 

 

3.3.4.2 Viscosity correlation 

In Chapter 2, it was establish that the Eyring-Patel-Teja [2] model with the help of a 

temperature-dependent Redlish-Kister mixing rule and two Margules-type mixing rules was 

able to correlate very well these highly polar and aqueous systems. The experimental data 

were regressed using the non-linear least-squares method. Equations 3.6 and 3.7 are the 

objective function and the overall average deviation respectively.  

When regressing the experimental viscosities of the systems containing water, the binary 

mixture water – ethanol was included in the optimizations and taken from literature [39] 

(from T = 293.15 to T = 343.15 K). So then, three binary mixtures and the respective 

ternary mixture were regressed together to obtain the binary parameters. In total, 176 and 

175 data points are used to find the optimized binary parameters for mixtures containing 

[emim][OAc] and [emim][DCA], respectively. For the case of [emim][Cl], only binary data 

was measured. Therefore, ternary viscosities are obtained from the binary mixtures water – 

ethanol, water – [emim][Cl] and ethanol – [emim][Cl] with a total of 139 experimental data 

points. For the ternary mixture containing EG, no binary data was measured and only the 

ternary data is regressed. This is because the range of measured compositions is wider than 

the viscosity of the ionic liquid in ternary mixtures and more ternary viscosities were 
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measured. Table 3.11 shows the regressed binary parameters for every mixing rule and 

Table 3.12 shows the regressed temperature-dependent binary parameters.  

The lowest overall average deviation is observed for the ternary mixture containing 

EG. Therefore, the application of temperature-dependent interaction parameters to this 

mixture in the mixing rules presented here is unnecessary. For the case of ionic liquids, 

large overall deviations are observed for all the mixing rules. However, when viscosity is 

relatively low like [emim][DCA], the mixing rules perform better since the decreases in 

viscosity with temperature are not marked. This indicates that, temperature dependent 

interaction parameters are necessary to represent the marked decrease in viscosity with 

temperature in highly viscous ionic liquids like [emim][OAc] or [emim][Cl]. To calculate 

these last parameters the redlish-kister mixing rule is taken. 

The lowest overall average deviation is observed for the ternary mixture containing 

EG. Therefore, the application of temperature-dependent interaction parameters to this 

mixture in the mixing rules presented here is unnecessary. For the case of ionic liquids, 

large overall deviations are observed for all the mixing rules. However, when viscosity is 

relatively low like [emim][DCA], the mixing rules perform better since the decreases in 

viscosity with temperature are not marked. This indicates that, temperature dependent 

interaction parameters are necessary to represent the marked decrease in viscosity with 

temperature in highly viscous ionic liquids like [emim][OAc] or [emim][Cl]. To calculate 

these last parameters the redlish-kister mixing rule is taken. 
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Table 3.11. Interaction parameters ijl  of the mixing rules for the Eyring-Patel-Teja model. 

 EG [emim][OAc] 
 RK GMR1 GMR2 RK GMR1 GMR2 

12l  -0.0026 0.1367 0.1659 0 0.1486 0.1132 

21l  0.1118 0.0086 -0.0852 0.1055 0.0000 0.0000 

13l  0.0095 0.0998 0.0549 0.3082 0.3132 0.2053 

31l  0.1055 0.0705 0.0864 0.3202 0.3381 0.2318 

23l  0.0753 -0.1199 -0.0085 0.1582 0.4524 0.0528 

32l  -0.1056 0.0499 -0.0159 0.0552 0.0717 0.1020 
%ADD 2.83 2.81 2.31 9.31 9.67 8.83 

 [emim][DCA] [emim][Cl] 
 RK GMR1 GMR2 RK GMR1 GMR2 

12l  0 0.1484 0.1130 0 0.1548 0.1154 

21l  0.1062 0.0000 0.0000 0.1119 0 0 

13l  0.2160 0.1636 0.0943 0.0787 0.1862 0.1409 

31l  0.1757 0.2196 0.1654 0.1745 0.1212 0.0651 

23l  -0.0112 0.0073 0.0176 -0.3614 0.2467 0.1913 

32l  0.0043 -0.0166 -0.0232 0.3438 -0.3406 -0.2716 
%ADD 7.65 6.83 7.04 11.71 10.72 12.05 
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Table 3.12. Temperature-dependent interaction parameters. 

Water(1) + ethanol(2) + [emim][OAc](3) 
Binary 

parameter 

(1)
ij

l  (2)
ij

l  (1)
ji

l  (2)
ji

l  

12l  
0 0 -0.2722 119.1585 

13l  1.3438 -322.1689 0.7932 -148.6543 

23l  0.5802 -138.5173 0.8340 -234.9450 
%ADD 4.29  

Water(1) + ethanol(2) + [emim][DCA](3) 
Binary 

parameter 
(1)
ij

l  (2)
ij

l  (1)
ji

l  (2)
ji

l  

12l  0 0 -0.2668 117.6482 

13l  0.7341 -163.4698 0.6435 -146.4092 

23l  0.0313 -13.9840 0.2957 -91.0635 
%ADD 4.99  

Water(1) + ethanol(2) + [emim][Cl](3) 
Binary 

parameter 
(1)
ij

l  (2)
ij

l  (1)
ji

l  (2)
ji

l  

12l  0 0 -0.2565 116.09 

13l  2.4909 -803.94 1.3671 -398.59 

23l  4.389 -1569 -1.7407 687.86 
%ADD 6.18  

 

As observed in Table 3.12, when applying the temperature – dependent interaction 

parameters, the overall average deviations decrease especially for [emim][OAc] and 

[emim][Cl]. However, the use of these new parameters are not advantageous when it comes 

to [emim][DCA]. Figures 3.2 to 3.4 show the experimental ternary viscosities (points) and 

results of the regression (lines). Good agreement is observed between the experimental 

points and the Eyring-Patel-Teja model which is able to represent changes in viscosity with 

temperature and composition of these highly polar and aqueous systems. Therefore, this 

model can be used for the rate-based simulations.  
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Figure 3.2. Correlation of the experimental ternary dynamic viscosities (symbols) with the 
Eyring-Patel-Teja model using the GM2 mixing rule (line) for the system ( 1x water + 2x

ethanol + 1-( 1 2x x+  ) EG). 
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Figure 3.3. Correlation of the experimental ternary dynamic viscosities (symbols) with the 
Eyring-Patel-Teja model using the redlish-kister mixing rule and interaction parameters: 

(continuous line) temperature-dependent and (dashed line) temperature-independent, for the 
system ( 1x water + 2x ethanol + 1-( 1 2x x+  ) [emim][OAc]). 
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Figure 3.4. Correlation of the experimental ternary dynamic viscosities (symbols) with the 
Eyring-Patel-Teja model using the redlish-kister mixing rule and interaction parameters: 

(continuous line) temperature-dependent and (dashed line) temperature-independent, for the 
system ( 1x water + 2x ethanol + 1-( 1 2x x+  ) [emim][DCA]). 

 

3.3.4.3 Surface tension 

The experimental surface tension data for the ternary system water – ethanol – solvent 

was correlated using the Fu-Li-Wang mixing rule [3] depicted in Chapter 2. Table 3.13 

shows the obtained parameters and the overall average deviation from the experimental 

data that were found with the help of non-linear square method. In general, the regression 

of the ternary surface tension for the system water – ethanol – solvent shows excellent 

results considering that these are hydrogen-bonding systems. A larger average deviation is 

observed for the case of EG. Less experimental points were taken in this case due to the 

availability in literature of binary experimental data for the systems water – EG [12] and 

ethanol – EG [28] which were regressed along with these binary data. This is a source of 
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deviations. Therefore, The Li-Wang-Fu mixing rule can be used in the rate-based 

simulations to represent the changes in surface tension with composition in an extractive 

distillation column. And more importantly, the changes in interfacial area for mass transfer 

with surface tension.  

 

Table 3.13. Binary parameters ijl  of the Fu-Li-Wang mixing rule . 

 EG [emim][OAc] [emim][DCA] [emim][Cl] 
Binary 

parameter 
value 

value 
value value 

12l  22.84 29.0231 10.06 52.3295 

21l  0.04 0.0626 0.16 -2.4858 

13l  3.51 8.4685 20.43 8.6310 

31l  0.42 1.0605 0.13 0.0838 

23l  0.44 -0.2066 3.00 22.1832 

32l  2.81 2.4044 0.83 0.2095 
%ADD

 
6.91 3.27 2.87 3.51 

 
 

3.4 Conclusions 

An experimental work was carried out in order to meet the requirements of the rate-

based model to simulate the extractive distillation for water – ethanol separation with the 

ionic liquids 1-ethyl-3-methylimidazolium acetate [emim][Oac], 1-ethyl-3-

methylimidazolium dicyanamide [emim][DCA] and 1-ethyl-3-methylimidazolium chloride 

[emim][Cl] and the reference solvent ethylene glycol EG. 

The measured properties were liquid viscosity, infinite dilution diffusion coefficients 

and surface tension. Additionally, liquid density was measured to obtain dynamic 

viscosities instead of kinematics. All the measured data covers a wide range of temperature 

and concentration of binary and ternary mixtures. Surface tension was only measured at 

temperatures around T = 298.15 K. 

Apart from that, all the pure and mixture data and the mixture data were correlated 

with available models from literature. Polynomials correlated pure densities and infinite 

dilution diffusion coefficients. The Vogel [1] equation described very well the viscosity of 
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all the solvents with temperature. In mixtures, a quadratic mixing rule [38] correlated very 

well liquid densities; liquid dynamic viscosities were correlated successfully with the 

Eyring-Patel-Teja [2] model using three different mixing rules with temperature-dependent 

interaction parameters. For for non-viscous solvent, temperature-independent parameters 

were enough. An finally, the mixture surface tensions was correlated very well using the 

Fu-Li-Wang mixing rule[3].  All this information can be used to develop a rate-based 

model to study the possible decrease in mass transfer efficiency with solvent viscosity.  

 

Nomenclature 

 

,a b  Constants 

0
,i j

�  Infinite Dilution diffusion coefficient, m s-1 

C  Molar concentration, mol m-3 

ijK  Interaction parameter in quadratic mixing rule  

l  Binary parameter in mixing rules 

l � Averaged binary parameter, ( ), , 2i k k il l l= +  

T  Temperature, K 

l
V  Liquid molar volume, cm3 mol-1 

x � Molar fraction of the liquid 

 

Greek letters  

 

γ � Any property in equation 3.6 and 3.7 

η � Liquid viscosity, mPa s 
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0Λ � Infinite dilution molar conductivity, m2 S mol-1 

ρ � Mass density, g cm-3 

σ � Surface tension, nN m-1 

EC
σ � Electrical conductivity, S m-1 

 

Subscripts 

 

, ,i j k � Component indices  

lit � Data obtained from literature 

pred � predicted 
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Pilot plant validation of a rate-based extractive distillation model 
for water-ethanol separation with the ionic liquid [emim][DCA] 
as solvent 
�

�

Abstract 

With the objective of validating a developed rate-based model for the separation of water – 

ethanol mixtures by using 1-ethyl-3-methylimidazolium dicyanamide and ethylene glycol as 

solvents and investigating the effect of the solvent physical properties on mass transfer 

efficiency, an extractive distillation pilot-plant equipped with Mellapak
®

 750Y was 

constructed and operated in continuous mode. It was found that the rate-based model 

predicts the performance of this pilot plan very well for all the studied conditions within a 

10% relative error. More optimistic water contents of the distillate stream were predicted 

and experimentally the ionic liquid produced lower water contents than ethylene glycol. 

The use of this ionic liquid provides higher mass transfer efficiencies for all the studied 

solvent-to-feed ratios. Finally, increasing the solvent-to-feed ratio enhances the mass 

transfer efficiencies for both solvents and effects of liquid viscosity decreasing the mass 

transfer efficiency are observed in the rectifying section of the extractive distillation 

column. 

� �
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4.1 Introduction 

 
The performance of an extractive distillation (ED) column can be predicted and the 

mass transfer efficiency calculated by the use of rate-based models [1,2]. For instance, the 

rate based model could evaluate the decrease in efficiency caused by the viscosity of ionic 

liquids by only knowing the physical and transport properties of the system studied. 

However, the predictive capabilities of this model depend on both the accuracy offered by 

the used mass transfer and interfacial area correlations and the accuracy of the provided 

physical properties. Since, ionic liquids exhibit higher viscosities than the normal organic 

solvents (typically up to 40 times higher at 298.15 K), the liquid side mass transfer 

resistance could become significant and the existing mass transfer correlations could fail in 

describing the performance of the ED column.  

The aim of this work is to establish and validate a rate-based model that describes the 

separation of water – ethanol mixtures by means of ED using an ionic liquid as solvent and 

a common organic solvent with experimental data from a pilot scale ED column equipped 

with Mellapak® 750Y structured packing. Furthermore, the mass transfer efficiency of this 

ED column is studied by comparing the use of both solvents. The mass transfer is described 

by the Rocha et al. (1993,1996) [3,4] mass transfer correlation for a metal sheet structured 

packing. Among others, the ionic liquid 1-ethyl-3-methylimidazolium dicyanamide 

([emim][DCA]) has been previously proposed as a promising solvent for this separation 

[5,6] and demonstrated to be thermally stable in pilot plant tests [7]. This ionic liquid is 

compared with the benchmark solvent ethylene glycol (EG) in terms of Height Equivalent 

to a Theoretical Plate (HETP). Other ionic liquids have been also proposed in literature 

[5,8] to separate this mixture. In these studies, 1-ethyl-3-methylimidazolium acetate 

([emim][OAc]) appears as the most suitable. However, this ionic liquid is not thermally 

stable and thus not appropriate for this application. 

Studies on extractive distillation in pilot plants are rather scarce [9-11] and mostly 

limited to the use of common organic solvents. To our knowledge, an industrial-scale study 

on an extractive distillation column to separate difluoromethane and pentafluoroethane 

operated with ionic liquids can be found in the open literature [12] where only the 

equilibrium stage model was used. Also, BASF is currently conducting research at pilot 

plant scale extractive distillation to separate azeotropes (water + tetrahydrofuran) using 
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ionic liquids [13]. Although, the separation of the water – ethanol mixture with ionic liquids 

have been already extensively studied and promoted at laboratory scale by means of VLE 

experiments [5,6,14,15], the performance of the reported ionic liquids in real distillation 

columns remains unknown. By carrying out experiments in a pilot plant it is possible to 

know to what extent the mass transfer correlations and thus the rate-based model are able to 

predict the performance of ionic liquids in the extractive distillation process. This is of great 

importance at high solvent-to-feed ratios where liquid viscosities increase and can become 

a limiting factor for mass transfer [9].  

 

 

4.2 Pilot-scale extractive distillation column 

 

4.2.1 Experimental features and dimensions 

 

Figure 4.1 illustrates the extractive distillation column at Eindhoven University of 

Technology in The Netherlands. This column is equipped with Mellapak® 750Y structured 

packing provided by Sulzer® (Figure 4.2) and designed to operate in continuous mode. To 

prevent maldistribution, the column contains three liquid distributors. They were designed 

at the University of Dortmund [16]. These distributors uniformly spread the liquid over the 

packing segments and divide the column into three equal sections. An electrical 

thermosyphon reboiler provides energy for boiling up. During the experiments, the liquid 

level of this reboiler was controlled visually. At the top of the column, a vertical condenser 

with an internal funnel provides reflux, which is controlled by adjusting the distillate rate. 

Cooling water was used to condense the vapor. The cooling water flow rate was adjusted by 

a rotameter. Heat losses are prevented as to the maximum extend by a double layer of 

Armaflex HT® insulating material and an electrical tracing system. Four coriolis-type flow-

meters are installed to ensure accurate flow measurements at the feed, solvent, bottoms and 

distillate streams. Secondly, to validate the model, six liquid circular collector basins are 

installed inside the packing segments to collect liquid samples. Along with this, the liquid 

temperature of the collected liquid is also measured at these points. Finally, a pressure drop 

sensor was installed to monitor the hydraulics. Figure 4.2 shows a packing segment 

containing a collector basin. Liquid samples can also be withdrawn at the distillate stream 
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and at the reboiler. A summary of the column dimensions is given in Table 4.1. All 

operating conditions were controlled and monitored by means of InTouch from 

Wundeware® control software. The graphic interface of the ED pilot plant was developed at 

the Eindhoven University of Technology.  

 

Table 4.1. Column dimensions 

Feature Value 

Packing type Sulzer Mellapak® 750Y 

Packing height [m] 3.120 

Packing material  Stainless steel 316L 

Column diameter [m] 0.049 

 

        

4.2.2 Operating conditions 

 

The pilot plant was operated in continuous supply of feed and solvent and continuous 

withdrawal of distillate and bottom product. Around 60 min were needed to achieve a 

constant temperature profile over the column that is considered the steady state. The pilot 

plant was operated at around 60-70% flooding, which was determined from Sulzer Sulcol® 

and ASPEN® Radfrac calculations. The F-Factor has a value of approximately 1. Two 

solvent-to-feed ratios, low and high, were used to demonstrate the ability of the rate-based 

model and therefore the mass transfer correlations to predict the performances of the ED 

pilot-plant for both solvents. Table 4.2 summarizes the main operating conditions that are 

kept fixed and the corresponding operating variables. Additionally, two distillate rates are 

used in these experiments to modify the compositions profiles� �
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Figure 4.1. Simplified P&ID of the extractive distillation pilot plant located at Eindhoven 
University of Technology. 

� �
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�

Figure 4.2. Mellapak® 750Y containing a liquid collector basin. Left: a view of a column 

section. Right: a packing segment with a collector basin. 

�

 

.   
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Table 4.2. Operating conditions 
Variable Value 
Feed flow rate [kg h-1] 3  
Ethanol concentration at feed [wt%] 30 
Feed temperature [ºC] 50 
Solvent temperature [ºC] 70 
Reboiler duty [kW] 2.04 
Condensor pressure atmospheric 
 S/F  D [kg h-1] 
Run 1 0.5 0.7 
Run 2 2 0.7 
Run 3 2 0.9 

�

�

4.3 Experimental section 

 

4.3.1 Materials 

 

For the pilot plant tests, a purchased water – ethanol mixture at its azeotropic point 

(96% v/v) and deionized water were used to prepare the feed concentration. 1-ethyl-3-

methylimidazolium dicyanamide was purchased at Ionic Liquid Technologies, Iolitec 

GmbH (� 98 %). The water content was 0.08 %. Ethylene glycol was purchased from 

Merck (� 99.5 %) with a water content of 0.04 %. 746 Karl Fisher analysis was used to 

determine water content. For the analysis of the liquid samples taken from the pilot plant, 

analytical grade chemicals were used. Ethanol was purchased from Merck (� 99.5 %) with 

a water content of 0.04 %. This ethanol was used without further purification. Ethylene 

glycol was purchased at Merck (� 99.8%) and a water content of 0.02 %. For the Gas 

Chromatography analysis analytical grade acetone (99.9 %.) as diluent and n-butanol (99.9 

%) as internal standard were used.  
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4.3.2 Analysis of the samples taken from the pilot plant 

 

After reaching steady state a small volume (~ 0.5 ml) of liquid sample was taken out 

of the collector basins with a syringe in order to not disturb the compositions profiles inside 

the column. Additionally, liquid samples were taken from the reboiler and condenser. These 

liquid samples were stored in GC vials and analyzed after allowing them to cool down to 

room temperature. To determine the ethanol content in the sample, Gas Chromatography 

analysis was used. 0.1 ml of sample was used. 0.1 ml of n-butanol was used as an internal 

standard and 1 ml of acetone as a diluent. The analyses of the samples were carried out with 

a Varian 430 gas chromatograph equipped with a Supelco Nukol® Fused silica capillary 

column (15 m x 0.53 mm x 0.5 µm). After sample injection, the ionic liquid is collected in a 

cup-liner in order to no disrupt the analysis [17,18]. The GC analyses were carried out in 

triplicate. A 746 Karl Fisher analysis was used to determine the water content of the liquid 

samples.  

The reproducibility of the GC analysis is less than 2% and the accuracy is less than 5%. 

The reproducibility of the Karl Fisher analysis is less than 1% and the accuracy is less than 

2%. The mass fraction of the ionic liquid was determined by a mass balance.  

 

4.4 Set-up of the rate-based model 

 

4.4.1 Property methods  

 

The rate based model was firstly proposed by Krishnamurphy and Taylor [19,20]. 

Since then, it has been extensively studied due to the fact that it gives great accuracy in 

predicting performances. The rate-based model is available in ASPEN® Plus radfrac. This 

package is used to solve this case. Furthermore, this model needs the knowledge of physical 

and transport properties of both individual components and mixtures to accurately predict 

the separation process. The necessary physical and transport properties to accurately predict 

the performance of the pilot plant were studied extensively in chapters 2 and 3. Table 4.3 

summarizes the property method used in these simulations.   
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Table 4.3. Property method in the liquid phase 
Property Method Ref. 
VLE  NRTL [6] 
Component and ternary liquid 
viscosities  

Vogel, Eyring-Patel-Teja [21,22] 

Maxwell-Stefan Liquid binary 
diffusion coefficients 

Nerst-Haskell, Wilke-Chang, 
Kooijmann-Taylor mixing rule 

[23,24] 

Component and mixture surface 
tensions 

Polynomiala, Fu-Li-Wang mixing 
rule 

[21,25] 

Component and mixture liquid 
densities 

Polynomiala, Quadratic mixing rule [21] 

Component and mixture liquid thermal 
conductivity 

Polynomiala, Li mixing rule [26,27] 

Component heat capacity Polynomiala,b [28] 
a The polynomial and the corresponding parameters for EG obtained from Apen® Plus. 
b Component heat capacity polynomial for [emim][DCA]: 199743.8 427.5Cp T= +  
 

 

4.4.2 Mass transfer and interfacial area correlations  

 

Nowadays, mass transfer and interfacial area correlations to calculate binary mass 

transfer coefficients in either random or structured packings are widely available [29] even 

though they are still a matter of research due to the great variety of new structured 

packings. For metallic corrugated sheet packings like Mellapak® 750Y, Rocha et al [3,4] 

describes the mass transfer performance under distillation conditions. This correlation uses 

the previously developed interfacial area correlation of Shi and Mersmann [30] and 

contains the concepts of liquid holdup, liquid spreading and film thickness. Other 

correlations are available to describe metal sheet structured packing. The Rocha et al. mass 

transfer correlation is an improvement of the former Bravo et al. correlation [31] developed 

for gauze structured packings. Billet and Schultes [32,33] also developed a correlation that 

takes into consideration liquid holdup. However, this correlation requires packing related 

parameters that, to our knowledge, are not available for Mellapak® 750Y.   

 

� �
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4.5 Results and Discussion 

 

4.5.1 Experimental versus simulated composition  and temperature profiles 

 

Figures 4.3 and 4.4 show the experimental and predicted composition profiles for the 

separation of water – ethanol mixture with EG and [emim][DCA] as solvent respectively. 

Before going into the analysis, it is worth noting that these profiles are excluding the 

condenser and reboiler as these two stages are assumed to be in equilibrium because the ED 

pilot-plant provides vapor in equilibrium with the liquid at the reboiler and liquid in 

equilibrium with the vapor at the condenser. A discussion on reboiler efficiencies can be 

found elsewhere [34]. A visual observation of these figures indicates that the rigorous rate-

based model with the Rocha et al. mass transfer correlation predicts the performance of the 

ED pilot plant with both [emim][DCA] and EG as solvents. Furthermore, the model is able 

to correctly represent the changes in solvent-to-feed ratio, which is the most important 

characteristic of the extractive distillation process. Some small deviations are observed in 

the stripping section when increasing the distillate rate. In this water-solvent rich zone the 

surface tension increases and the wetting of the packing surface becomes poorer resulting in 

less interfacial area for mass transfer. The use of accurate surface tensions allows both 

representing very well the changes in surface wetting and markedly improving the 

predictions of the experimental concentration and temperature profiles. For instance, a 

molar average can be used to predict the mixture surface tension instead in absence of 

experimental data. However, this was found to lead to large errors especially in the water 

rich zone. Figures 4.3 and 4.4 also show no large differences between the concentration 

profiles created by both solvents for both solvent-to-feed ratios and distillate rates. This is 

because of the differences in vapor-liquid equilibrium are not large as well.  

�

�



Pilot plant validation of a rate-based model�

87 
�

�

Figure 4.3. Experimental (points) and simulated (lines) composition profiles for a) S/F = 
0.5 and D = 0.7 kg h-1; b) S/F = 2 and D = 0.7 kg h-1 and c) S/F = 2 and D = 0.9 kg h-1 for 

the separation the water – ethanol mixture using EG as solvent. 
 

 

Figure 4.4. Experimental (points) and simulated (lines) composition profiles for a) S/F = 
0.5 and D = 0.7 kg h-1; b) S/F = 2 and D = 0.7 kg h-1 and c) S/F = 2 and D = 0.9 kg h-1 for 

the separation the water – ethanol mixture using [emim][DCA] as solvent. 

 

Figures 4.5 and 4.6 depict the experimental and simulated temperature profiles 

generated when using EG and [emim][DCA] as solvent respectively. The rate-based model 

with the Rocha et al. mass transfer correlation shows very good predictions of these 

temperature profiles as well. This means that the model is able to predict both profiles at 
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low and high solvent-to-feed ratios for both solvents. When increasing the solvent-to-feed 

ratio (Figures 4.5.b and 4.6.b) the boiling temperature increases as well. Besides that, the 

separation of the water – ethanol mixture with EG produces higher temperatures due to the 

vaporization of this solvent. These facts are well predicted by the model. Secondly, 

although the rectifying section of the ED pilot plant does not have much variations and the 

model predicts this zone adequately, the stripping section does show large variations and is 

better to validate the ability of the rate-based model to predict performances (Figures 4.5.c 

and 4.6.c). The changes in temperature nearby the reboiler due to the increase in solvent 

concentration in all the studied cases are well predicted by the rate-based model, even when 

increasing the distillate rate. Here, the concentration of solvent increases at the reboiler 

leading to an increase in the liquid boiling point. For example, Figure 4.5.c shows a drastic 

step of 10 ºC in this section between the two experimental points that are well anticipated 

by the model.  

 

 

Figure 4.5. Experimental (points) and simulated (lines) temperature profiles of the liquid 
phase for a) S/F = 0.5 and D = 0.7 kg h-1; b) S/F = 2 and D = 0.7 kg h-1 and c) S/F = 2 and 

D = 0.9 kg h-1 for the separation the water – ethanol mixture using EG as solvent. 
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Figure 4.6. Experimental (points) and simulated (lines) temperature profiles of the liquid 
phase for a) S/F = 0.5 and D = 0.7 kg h-1; b) S/F = 2 and D = 0.7 kg h-1 and c) S/F = 2 and 

D = 0.9 kg h-1 for the separation the water – ethanol mixture using [emim][DCA] as 
solvent. 

 

To evaluate the quality of the predictions, Figure 4.7 shows parity plots of the 

simulated and experimentally obtained composition profiles with an arbitrary red dashed 

line that delimits a 10% relative error from the experimental data. These parity plots show 

that all the points fall around the diagonal line and they are randomly located over the 

diagonal. Tables 4.4.a and 4.4.b show the absolute deviations between experimental point 

and simulations for both mass fractions and temperatures respectively. It is important to say 

that the established rate-based model does not use simplifications such as those applied in 

equilibrium models and is therefore able to predict the performance of the pilot plant by 

only knowing the physical properties of the system in study.  
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Figure 4.7. Comparison between experimental and predicted mass fractions for the system: 
a) water – ethanol – EG and b) water – ethanol – [emim][DCA]. 

 

 

 

Table 4.4.a. Maximum and minimum absolute deviations in composition between 
simulations and experimental data from the pilot plant.  

EG Maximum Minimum 
S/F D [kg h-1] water ethanol solvent water ethanol solvent 
0.5 0.7 0.0392 -0.0177 -0.0447 0.0019 -0.0015 0.0009 
2 0.7 0.0181 -0.0520 0.0470 0.0050 0.0021 -0.0022 
2 0.9 0.0373 -0.0525 0.0506 0.0019 -0.0206 0.0072 
[emim][DCA] Maximum Minimum 

S/F D[kg h-1] water ethanol solvent water ethanol solvent 
0.5 0.7 0.0153 0.0448 -0.0402 0.0002 0.0074 -0.0152 
2 0.7 0.0103 -0.0491 0.0507 -0.0015 -0.0067 -0.0029 
2 0.9 -0.0746 0.0710 0.0319 0.0025 0.0085 0.0036 
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Table 4.4.b. Maximum and minimum absolute deviations in 
temperature between simulations and experimental data from 
the pilot plant.  

EG Maximum Minimum 
S/F D [kg h-1] T [ºC] T [ºC] 
0.5 0.7 1.458 0.043 
2 0.7 1.331 0.088 
2 0.9 4.019 0.256 
[emim][DCA] Maximum Minimum 

S/F D[kg h-1] T [ºC] T [ºC] 
0.5 0.7 0.723 0.002 
2 0.7 0.382 -0.039 
2 0.9 -1.344 0.031 

�

4.6 Experimental top purities 

The most important variable to achieve in a distillation column is the top purity of 

the desired component. These experimental top purities are compared to the simulations in 

terms of the water content of the sample. Figure 4.8 shows the measured and predicted 

water contents in the distillate stream for all of the experimental runs. First of all, by using 

[emim][DCA] as solvent, the ED pilot plant is able to reduce the water content to lower 

levels than using EG as solvent. This is shown by the experimental data as well as 

simulations. Next, the simulations are able to predict well the water content of the distillate 

stream for each experimental run. The maximum absolute deviation between experiments 

and simulations are 0.0016 in the ED with EG as solvent and 0.0015 in the ED with 

[emim][DCA] as solvent. Furthermore, all the predictions are slightly more optimistic than 

the measured concentrations. Since the condenser is assumed to be in equilibrium, the 

accuracy of the model only depends on the vapor-liquid equilibrium model in this stage 

(NRTL). It means that, to obtain a better prediction in this zone, the VLE model should 

consider more experimental points to regress the binary parameters.    
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Figure 4.8. Experimental and predicted water content of the distillate rate for 1) S/F = 0.5, 
D = 0.7; 2) S/F = 2, D = 0.7 and 3) S/F = 2, D = 0.9. 

 

 

4.7 Mass transfer efficiencies 

 

The most important design parameter in distillation systems is the mass transfer 

efficiency. An erroneous prediction of this value brings problems like over or under design 

of distillation equipment or not meeting the desired top purity. In structured packing the 

mass transfer efficiency is quantified through the Height Equivalent to a Theoretical Plate, 

HETP. This value is calculated by the following set of equations: 

 

ln
1OVHETP H

Λ
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Λ −
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V
H  and 

L
H  are directly calculated by means of the Rocha et al. [3,4] mass transfer 

correlation. For a ternary system three values of 
OV

H are obtained since three Maxwell-

Stefan binary diffusion coefficients are calculated. Besides that, three stripping factors Λ

are obtained. This means that three values of HETP are calculated for a ternary mixture. In 

order to compare only one mass transfer efficiency value when using different solvents, the 

number of transfer units can be averaged, and: 

 

OV

OV

H
H

N
=  

4.4 

'

1 1
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N N N

Λ
= +  

4.5 

 

The mass transfer efficiency depends basically upon physical and transport properties, 

the distribution of the components between the two phases and packing features which do 

not change in this work. In this particular case, two solvents were used for the validation of 

the developed rate-based model: [emim][DCA] and benchmark solvent EG.  

Figure 4.9 shows the HETP profiles over the column for both solvents at two different 

solvent-to-feed ratios. It can be clearly observed that these profiles are divided into two 

zones: the rectifying section where the solvent concentration is higher and therefore its 

effect on separation is stronger, and the stripping section where the solvent is diluted by the 

feed stream. For all the solvent-to-feed ratios and in the rectifying section the use of 

[emim][DCA] produces higher mass transfer efficiencies as compared to EG. These two 

solvents do not show large differences in transport properties, especially their viscosities 

are very similar (see Table 4.5). So, under these conditions, the observed differences in 

efficiency are caused by the differences in the vapor-liquid equilibrium. Table 4.5 depicts 

the relative volatilities of the water – ethanol mixture at different solvent-to-feed ratios. An 

obvious fact is that the more solvent is added the higher the relative volatilities. However, 

the largest differences are seen at high solvent-to-feed ratios where [emim][DCA] is a more 

advantageous solvent. This is observed at solvent-to-feed ratio 3 in Figure 4.9.  
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Figure 4.9. Efficiency profiles along the extractive distillation pilot plant containing both 
solvents. 

 

Table 4.5. Pure viscosities of the used solvents and solvent-free-basis 
relative volatilities for the system water(1) – ethanol(2) – solvent(3) 
calculated at the water– ethanol azeotropic point. 

Solvent η  [mPa s] (T = 298.15 K) References 

[emim][DCA] 14.90 [21] 
EG 16.61 [22] 
S/F 0 1 3 

�12 

EG 1 1.835 2.727 
[emim][DCA] 1 1.995 3.952 

 
It is known that the solvent in extractive distillation interacts in the mixture by means 

of forming hydrogen bond networks mainly [35]. The ionic liquid strongly interacts with 

water and in a less extent with ethanol. This results in low distribution ratio values for 

water, K , increasing the relative volatility of the system along the column. EG also 

interacts with the mixture by hydrogen bonding. However, this interaction is weaker than 

using ionic liquid resulting in lower relative volatilities than those produced by 

[emim][DCA] in the rectifying section. In the stripping section EG produces slightly higher 

mass transfer efficiencies than those produced by [emim][DCA]. Due to this weak 
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interactions produced by EG in the mixture and the proximity to the reboiler, the ethanol 

concentration in the vapor phase is higher than the produced by the use of [emim][DCA] 

resulting in better relative volatilities and thus better mass transfer efficiencies. 

On the other hands, since the viscosities of both systems are very similar, the effect of 

this property on mass transfer efficiency can be studied by increasing the solvent-to-feed 

ratio. Fig. 10 shows the HETP profiles along the column for solvent-to-feed ratios 1 and 3. 

Higher solvent-to-feed ratios are not possible to study since the experimental vapor-liquid 

equilibrium data is limited to a small range of solvent concentration [6] and a further 

increase could produce an erroneous prediction of the column performance due to the poor 

predictive capability of the NRTL model outside the experimental region. It is observed 

that, in general an increase in solvent-to-feed ratio lowers the HETP values for both 

solvents. Nevertheless, at the top of the column there is a decrease of mass transfer 

efficiency with increasing the solvent-to-feed ratio. This is more marked when using EG as 

solvent. This fact shows that at high solvent-to-feed ratios the resistance to mass transfer 

efficiency becomes more important.  The rate-based model, without the help of previously 

defined efficiencies or methods to estimate these values is capable to predict a decrease in 

mass transfer efficiency with the solvent viscosity and could eventually predict any 

decrease of this important value when using a different potential ionic liquid to separate the 

water – ethanol mixture.  

�

4.8 Conclusions  

 

An extractive distillation pilot plant equipped with Mellapak® 750Y was constructed 

to validate a developed rate-based model for studying the performance of ethylene glycol 

and the 1-ethyl-3-methylimidazolium dicyanamide as solvents. The Rocha et al. [3,4] mass 

transfer correlation was implemented to describe the mass transfer performance in this 

structured packing. 

When comparing the concentration profiles for both solvents and both distillate rates, 

no significant differences are observed. Differences are found in the temperature profiles 

over the column where the use of ethylene glycol as solvent produces higher liquid phase 

temperatures.   
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The rate-based model predicted the performance of the pilot plant for both solvent-to-

feed ratios and distillate rates very well when only knowing the physical properties of the 

system under study, within a 10% deviation from the experimental data. 

The water content of the distillate stream was measured. Lower water contents were 

obtained when 1-ethy-3-metyhylimidazolium was used as solvent for all the experimental 

conditions. More optimistic water contents were predicted by the developed model.  

When predicting the mass transfer efficiency of the extractive distillation pilot plant 

for both solvents (EG and [emim][DCA]), the latter produces better mass transfer 

efficiencies for the studied range of solvent-to-feed ratios (S/F=1-3). In the rectifying 

section of the column and at high solvent-to-feed ratios, there is a slight effect of viscosity 

on mass transfer efficiency. 

 

�

Nomenclature 

 

CP Component heat capacity, J kmol-1 K-1 

D Distillate rate, kg h-1 

HETP Height equivalent to a theoretical plate, m 

HL Height of transfer units in the liquid phase, m 

HV Height of transfer units in the vapor phase, m 

HOV Overall Height of transfer units, m 

K Distribution ratio 

L Liquid molar flow rate, kmol s-1 

'
LN  Number of transfer units in the liquid phase 

V
N  Number of transfer units in the vapor phase 

OV
N  Overall number of transfer units 
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S/F Solvent-to-feed ratio in mass basis 

T Temperature (K) 

  

 

Greek letters 

�12 Relative volatility 

η  Liquid dynamic viscosity (mPa s) 

� Stripping factor 

 

 

� �
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5 
Systematic analysis of ionic liquid effects on mass transfer 
efficiency in extractive distillation of water – ethanol mixtures 

 
 

Abstract 

The relatively high viscosities of ionic liquids used in extractive distillation could reduce 

the mass transfer efficiency of the separation process. To analyse this fact, the rate-based 

model is adopted since it was demonstrated that it can predict the performance of a pilot 

plant scale extractive distillation column using ionic liquids as solvent. Three ionic liquids 

with a wide range of dynamic viscosities and a commonly used organic solvent were used 

to study the effect of this property on mass transfer efficiency. The results were discussed 

using sieve trays and Mellapak
®

 250Y structured packing whose mass transfer 

characteristics are well described by known mass transfer correlations. Results indicate 

that high viscosities affect the mass transfer efficiency of the extractive distillation column. 

However, the remarkable improvements in relative volatilities shown by ionic liquids help 

to overcome this decrease in mass transfer efficiency. These effects are more pronounced in 

Mellapak
®

 250Y. However, very high solvent viscosities (>65[mPa s] at T = 353.15K) 

produce mass transfer limitations that cannot be overcome by high relative volatilities. 

Additionally, at higher distillate rates high relative volatilities can yield negative effects in 

mass transfer efficiency.  
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5.1 Introduction 

It is recognized that increased viscosity of a solvent in ED lowers the mass transfer 

efficiency of the process. This is a very important parameter in the design of the a ED 

column because a lower efficiency leads to a higher number of separation stages in tray 

columns and larger HETP values in packed columns to achieve a required separation. This 

problem becomes more important when applying ionic liquids as solvents in ED whose 

viscosities can range from 2 up to 20 times higher compared to common organic solvents. 

Several studies have pointed out the high viscosity of ionic liquids as a reason to discard 

promising ionic liquids in spite of their excellent vapor – liquid equilibrium performance 

[1]. Two phenomena could reduce this “fear”: 

1. The solvent is dissolved in the mixture to be separated, which strongly 

decreases the solvent viscosity [2-4]. 

2. The high temperatures inside the ED column considerably lower the 

viscosity of ionic liquids [2].  

However, the knowledge about effect of the solvent viscosity on mass transfer efficiency in 

distillation is fairly limited [5] and it is not studied yet for extractive distillation with ionic 

liquids. Even for regular solvents, only a few studies have related the effect of viscosity on 

mass transfer efficiency in distillation columns [6,7].  

The objective of this chapter is to study the effect of the solvent viscosity on the mass 

transfer efficiency of the ED process for the water – ethanol mixture using several ionic 

liquids and the commonly used organic solvent ethylene glycol (EG) by means of a 

rigorous rate-based mass transfer model. In the previous chapter it was demonstrated that 

the developed rated-based model to describe this separation using 1-ethyl-3-

methylimidazolium dicyanamide, [emim][DCA] was able to predict the performance of an 

extractive distillation pilot plant while only knowing the physical, transport and vapor-

liquid equilibrium (VLE) properties of the system. Therefore, this model allows the 

analysis of a possible decrease in mass transfer efficiency with solvent viscosity. On the 

other hand, the use of various ionic liquid allows to study a wide range of solvent 

viscosities and relative volatilities. Therefore, the combined effect of viscosity and relative 
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volatility on mass transfer efficiency is studied. Additionally, the mass transfer efficiency 

of sieve trays and Mellapak® 250Y structured packing are compared and two solvent-to-

feed ratios evaluated to increase the liquid phase viscosities inside the ED column as this is 

the most important operating variable when higher purities are desired.  

 

5.2 Case study 

 

Table 5.1 shows the change in relative volatility of the water – ethanol mixture at two 

different solvent-to-feed ratios (S/F) calculated at the azeotropic point with the NRTL 

model. From this table it is observed that at both S/F ratios the order is [emim][Cl] > 

[emim][OAc] > [emim][DCA] > [EG]. Eventually, the best candidate to be chosen as a 

solvent would be [emim][Cl] due to the highest achieved relative volatilities followed by 

[emim][OAc]. Table 5.1 also lists the viscosities of the solvent at T = 298.15 K and 353 K. 

Especially for [emim][Cl] relatively high values are observed that could limit the mass 

transport. However, a second important characteristic mentioned in the introduction, is that 

at higher temperatures a drastic viscosity decrease is observed. For these conditions the real 

decrease in mass transfer efficiency needs to be analyzed.  

 

Table 5.1. Relative volatilities at different S/F ratios (mass basis) for different solvents 
calculated at the water - ethanol azeotropic point and pure solvent viscosities at T = 
298.15 and 353.15 K 

 α   η  [mPa s] 

Solvent S/F =1 S/F = 2 Ref.  T = 298.15 K T = 353.15 K Ref. 
[emim][Cl] 2.62 3.98 [1] 2597.69a 65.18 [8] 
[emim][OAc] 2.24 2.92 [1] 132.91 13.60 [2] 
[emim][DCA] 1.89 2.58 [1] 14.90 4.66 [2] 
EG 1.83 2.41 Aspen® 16.61 3.14 [9] 

a Extrapolated viscosity from three experimental data points.  
 

 

The study of mass transfer efficiency comprises the analysis of the overall number of 

transfer units for trays and the overall height of transfer units for packing:  
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Equations 5.1 to 5.4 describe the change in efficiency with physical properties, vapor-

liquid equilibrium and the column internals. These equations are used to compare the mass 

transfer efficiency performance of the different solvents studied in this work.  The number 

of transfer units and the height of transfer units preset in equation 5.1 to 5.4 are calculated 

using the mass transfer correlation presented in chapter 2. The distribution ratio is 

calculated using the NRTL model [1]. In a ternary system, three mass transfer efficiencies 

are obtained since there are three Maxwell-Stefan binary diffusion coefficients. To compare 

the effect of the solvents on the separation it is necessary to use only an efficiency. This is 

obtained by averaging the mass transfer efficiencies as follows: 
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and for the packed column:  
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5.3      Simulation setup 

ASPEN Plus® radfrac with the rate-sep package enables the use of the rate-based model 

to evaluate the effect of the solvent on the mass transfer efficiency in the ED process. This 

model needs physical and transport properties of both pure components and the ternary 

mixture water – ethanol – solvent. The physical and transport properties and the used 

models to correlate these data for the four systems in this study were presented in chapter 2 

and 3. To select the process parameters some simple criteria have been taken into account. 

In order to compare solvents the process parameters are the same for all the solvents and 

internals. 

The most important process parameter to study a possible decrease in mass transfer 

efficiency by the effect of liquid phase viscosity is the S/F ratio. Two S/F ratios are used to 

increase the liquid phase viscosity in the column and also to increase the effect of the 

solvent on the separation [1]. Additionally, the effect of the vapor-liquid ratio on mass 

transfer efficiency is analyzed since this property strongly depends on the vapor-liquid 

equilibrium performance provided by the solvent. Ionic liquids show improvements in 

relative volatility with regard to the common organic solvents as it was observed in Table 

5.1. These improvements lead to a different vapor-liquid ratio inside the ED column. This 

could have an impact on mass transfer efficiency. Therefore, two distillate-to-feed ratios 

(D/F) are selected.  

The other process parameters are the feed flow rate, feed concentration, feed 

temperature and the reflux ratio. The first of these parameters is the feed flow rate which 

should allow to use a relatively small diameter to assume that the liquid on the tray is 

completely mixed in the horizontal direction and thus tray efficiency is the same as point 

efficiency [10,11]. The feed concentration also plays an important role in this study: the 

ethanol concentration was set at 50% (w/w). A lower concentration of ethanol would 

produce entrainment of the liquid from a tray to an upper one [12]. Entrainment decreases 

the mass transfer efficiency of a distillation column [10]. Next, the feed and solvent 

temperatures are not important parameters in mass transfer efficiency. However, not any 

temperature can be used and they should be close to the temperatures inside the ED 
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column. Finally the reflux ratio was set at a fix number. Table 5.2 resumes the process 

parameters.  

Sieve trays and Mellapak® 250Y are the selected internals for this study. The chosen 

flow models for them are plug flow and countercurrent respectively. Table 5.3 summarizes 

the features of these internals that were taken on the basis to decrease to the maximum 

extent the effect of other variables on mass transfer efficiency. In trays, the tray spacing is 

high enough to avoid liquid entrainment and the tray layout (weir height, hole diameter) 

avoids the possibility of having weeping. These two phenomena: liquid entrainment and 

weeping are well documented elsewhere [10] to decrease the mass transfer efficiency. The 

rest of the parameters like deck thickness, number of liquid passes and the hole area-to-

active area ratio were default values in ASPEN® Plus.  

The feed stage was put in the middle. To set the packing height in the packed column 

which is related somehow to the number of stages in the tray column we appeal to the 

following relationship [13]: 

 ( )P real O
H HETP N E=

 
5.5 

 

Equation 5.5 relates the number of real stages in a tray column with the height of a 

packed column through the HETP and the section efficiency, O
E . To our knowledge, 

values of section efficiency or murphree tray efficiency for ED of water – ethanol mixtures 

with EG or another organic solvent cannot be found in open literature. However, section 

efficiency values can be found in the literature for the distillation of water – ethanol 

mixtures in a plate column [12] where the value of section efficiency is approximately 70%. 

Next, the HETP number can also be obtained from a Sulzer® brochure [14]. Thus, the 

HETP for Mellapak® 250Y is approximately 0.4 m. Therefore, the packing height used in 

this work is 5.6 m that will be approximated to 6 m. Finally, the flow rates in the sieve tray 

column and packed column were set at 70% of the flooding flow rates for all the solvents. 

A summary is given in Table 5.3. 
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Table 5.2. Operating conditions 
Variable Value 
Feed flow rate [kg h-1] 100  
Ethanol concentration at feed [wt%] 50 
Feed temperature [ºC] 70 
Solvent temperature [ºC] 70 
Distillate-to-feed ratio (mass) 0.4 and 0.5 
Solvent-to-feed ratio (mass) 1 and 2 
Reflux ratio 2 
Condenser pressure Atmospheric 

 
 

 

Table 5.3.  Used column internal characteristics in the 
simulations for 100 kg/h of mixture and 50% wt ethanol 
as a base flow and feeding concentration respectively 
Sieve Tray 
Parameter Value 

Tray spacing (m) 0.5 
Number of stages (real stages 
including reboiler and condenser) 

22 

Feed tray 12 
Weir heights (m) 0.05 
Hole diameter (m) 0.005 
Deck thickness 10 gauge 
Number of passes 1 
Pitch Triangular 
Hole area/active area 0.12 
Flooding 70% 
Mellapak® 205Y structured packing 
Parameter Value 

Packing height (m) 6 
Feed point (m) 3 
Packing material Stainless steal 
Flooding 70% 
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5.4  Results 

 

5.4.1 Sieve tray column 

 

First of all, the viscosity profiles for all the solvents over the column height are shown 

in Figure 5.1 at two S/F ratios. The region above tray 12 is the rectifying section (left side), 

and below it is the stripping section (right side). In the rectifying section the solvent 

concentration is higher than in the stripping section. Therefore, higher liquid phase 

viscosities are encountered. However, a higher concentration of the solvent allows a better 

separation effect as well. Figure 5.1.a clearly shows the effect of the pure solvent viscosity 

(see table 5.1) on the resulting liquid phase viscosities inside the column. The viscosity 

order in this zone being: [emim][Cl] > [emim][OAc] > [emim][DCA] > EG. In the 

stripping section the liquid viscosity drops for all four solvents as the solvent concentration 

is reduced by dilution with the feed stream. All the liquid phase viscosities in this zone are 

comparable with each other having a value around 1 [mPa s]. When increasing the S/F ratio 

to 2, (figure 5.1.b) the profiles show an obvious rise in liquid phase viscosity again 

following the order of the pure solvent viscosities. In Figures 5.1a and 5.1b it is observed 

that at these S/F ratios the liquid phase viscosities are not as high as could be expected 

because of the high temperatures inside the ED column and the dilution of the solvent in the 

water – ethanol mixture.  

The effect of the liquid phase viscosities on the mass transfer coefficients is shown in figure 

5.2 for both S/F ratios. In Figure 5.2.a it is observed that the value of these coefficients 

follow the same order as the liquid phase viscosity inside the column indicating that there is 

an effect of the solvent viscosity on mass transfer. In the stripping section EG shows 

significantly higher mass transfer efficiency values than the ionic liquids who show similar 

values to each other. This is due to the higher temperatures nearby the reboiler produced by 

the evaporation of EG. These higher temperatures are because of the lower water content 

when using EG than the column containing an ionic liquid increasing the boiling 

temperature. When using ionic liquids as solvent more water is extracted due to the 

hydrophilic behavior of the presented ionic liquids. To show more clearly the effect of 

viscosity on mass transfer, the S/F ratio is increased. Figure 5.2.b confirms an overall 

decrease of all the mass transfer coefficient profiles by the increased liquid phase 
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viscosities. However, the differences between the two S/F ratios are limited because an 

increase in the solvent concentration leads to an increase in the boiling point of the mixture 

and thus the temperature profiles. The higher the temperature the lower the liquid phase 

viscosity and the less resistance to mass transfer.  
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Figure 5.1. Viscosity profiles along the column for a) S/F = 1 and b) S/F = 2 (mass basis) 
formed when the different solvents are added to the column and D/F = 0.4 (mass basis). 

 

Figure 5.3 shows the tray efficiency profiles over the ED column calculated using 

Equation. 5.1. The rectifying section shows lower mass transfer efficiencies than the 

stripping section due to the effect of solvent viscosity. At S/F = 1 (Figure 5.3.a) the 

differences between solvents are relatively small, and the mass transfer efficiency order is 

[emim][OAc] > [emim][DCA] > EG > [emim][Cl]. This order does not exactly follow the 

viscosity order shown in figure 5.1. Therefore, the viscosity is not the only important effect 

in calculating the mass transfer efficiency as observed in equation 5.1. Table 5.1 gives the 

relative volatility values at two S/F ratios. Ionic liquids are able to outperform the relative  
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Figure 5.2. Averaged-liquid-side mass transfer coefficient profiles over the column for a) 
S/F = 1 and b) S/F = 2 (mass basis) calculated for the different solvents added to the 

column and D/F = 0.4 (mass basis). The column is numbered from the top to the bottom. 
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Figure 5.3. Tray efficiency profiles along the column for a) S/F = 1 and b) S/F = 2 (mass 
basis) calculated when the different solvents are added to the column and D/F = 0.4 (mass 

basis). The column is numbered from the top to the bottom. 

 



Systematic analysis of ionic liquid effects on mass transfer efficiency �

111 
�

volatilities of the common organic solvents as it has previously found in literature [15]. In 

this table it is observed that very good relative volatilities are produced by [emim][OAc]. 

This property enhances the mass transfer efficiency even though having relatively high 

viscosity. However, [emim][Cl] shows the highest relative volatility (see table 5.1) and also 

very high liquid phase viscosities (see figure 5.1.a). Here, due to the high viscosities this 

property becomes the predominant factor in mass transfer efficiency. Therefore, moderately 

high viscosities are not an important factor in mass transfer efficiency when combined with 

high values of relative volatility. However, the relative volatility does not enhance mass 

transfer efficiency sufficiently in the presence of a very viscous ionic liquid.  

To support these observations the S/F ratio is increased (Figure 5.3.b). In the 

rectifying section, the tray efficiency order is [emim][OAc] > [emim][DCA] � [emim][Cl] 

> EG. Although, there is an increase in liquid phase viscosity for this S/F ratio (see Figure 

5.1b), [emim][OAc] does not show a significant decrease in the tray efficiency profiles 

between S/F ratios because the increase of it also produces an increase in relative volatility 

and this last property is predominant in calculating the mass transfer efficiency. This is not 

seen for the rest of the solvents where the increase in liquid phase viscosity does have an 

important impact on mass transfer efficiency. For example, EG exhibits a drastic decrease 

in tray efficiency when increasing the S/F ratio. As observed in table 5.1 EG has a minor 

impact on the relative volatility when compared to the rest of the solvents. Therefore, the 

changes in tray efficiency correspond directly with changes in the liquid phase viscosity. A 

very interesting case is [emim][Cl]. The decrease in mass transfer efficiency is not as 

drastic as would be expected from the viscosity increase alone. This is due to the large 

increase in relative volatility at this S/F ratio (see table 5.1) compensating the effect of 

viscosity to some extent.  

In the stripping section and for S/F = 1, there is an increase in mass transfer efficiency 

for all the solvents since the solvent concentration is reduced by dilution with the feed 

stream and viscosity is a less important issue. Indeed, there are no significant differences in 

mass transfer efficiency between solvents. For S/F = 2, [emim][OAc] shows the highest 

tray efficiency values and the rest of the solvents show a slight decrease with regard to S/F 

= 1.  
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The effect of the solvent on mass transfer efficiency in the stripping section could 

become more important at different operating conditions. One example is the use of a 

higher D/F ratio to withdraw more vapor from the condenser. This is depicted in Figure 5.4 

that shows the tray efficiency profiles for both S/F ratios at an increased D/F ratio of 0.5 

instead of 0.4.    
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Figure 5.4. Tray efficiency profiles along the column for a) S/F = 1 and b) S/F = 2 (mass 
basis) calculated when the different solvents are added to the column and D/F = 0.5 (mass 

basis). 

 

From figure 5.4 it is clear that the rectyfing section exhibits the same trend as the 

previuos operating conditions (D/F = 0.4). However, large differences in mass transfer 

efficiency between D/F ratios are observed in the stripping section especially at S/F = 2 

(Figures 5.3b and 5.4b). At S/F = 1 (Figures 5.3a and 5.4a) the differences are less 

noticeable. Let us focus on why these differences are produced. When increasing the D/F 

ratio more vapor is withdrawn from the condenser, mainly ethanol, increasing the less 

volatile components at the bottom of the column: water and solvent. The water – solvent  

concentration in this zone depends on the relative volatility of the system.  Then, the 

explanation is that the higher the relative volatility, the lower the ethanol concentration at 

the bottom. Since water requires more energy to be evaporated, the mass transfer efficiency 
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drops due to the decrease in the vapor velocity. Indeed, the drop in the mass transfer 

efficiency profiles follow the inverse order of those relative volatility values in table 5.1. 

These decreases in mass transfer effciency are more noticeable at S/F = 2 since the 

concentration of the solvent is higher than at S/F = 1. At S/F = 2 the separation effect of the 

solvent on the mixture becomes stronger and this decreases more the concentration of 

ethanol at the bottom of the column and this produces even less vaporizable ethanol and 

thus vapor velocity. This is observed in all the profiles generated when using ILs but more 

pronounced for the case of [emim][Cl] with a drastic mass transfer efficiency decrease at 

S/F = 2. To show the decrease in vapor velocity and therefore the decrease in mass transfer 

eficiency, figure 5.5 shows the ratio of vapor velocity/vapor velocity at flooding (

,VS VS floodingu u ) for both S/F ratios and both D/F ratios. Marked decreases in vapor velocity 

are observed for both D/F ratios and when using the ionic liquids. These decreases are more 

marked at S/F = 2 for both D/F ratios. However, at D/F = 0.5 drastic drops in vapor velocity 

are observed for both S/F ratios. These drops are even found in the rectifying section at S/F 

= 2. The lower production of vapor decreases the mass transfer efficiency. Therefore, the 

viscosity is not the only property that lowers the mass transfer efficiency in the rectifying 

section.  

In conclusion the distribution ratios can play either a positive or negative role in the 

separation of  water – ethanol mixtures. For D/F = 0.4 the distribution ratios can overcome 

mass transfer limitations caused by moderately high liquid phase viscosities. However, for 

D/F = 0.5, adverse mass transfer efficiencies are obtained when using ionic liquids in the 

stripping section. 

�
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Figure 5.5. Ratio vapor velocity-vapor velocity at flooding profiles for a) S/F = 1 and b) 
S/F = 2 (mass basis). 

  

5.5 Mellapak
®
 250Y structured packing. 

The mass transfer efficiency of the water – ethanol separation is studied for the same 

operating conditions as the sieve tray column but now using Mellapak® 250Y structured 

packing. The analysis will follow the same structure, meaning that, from the liquid phase 

viscosity profile we analyze the posible decrease in mass transfer efficiency for D/F = 0.4. 

Figure 5.6 depicts the liquid phase viscosity profiles over the column. The same trends and 

viscosity values as with the column containing sieve trays are observed because this 

property does not depend upon the internals. Next, Figure 5.7 shows the average mass 

transfer coefficient profiles over the column. These coefficients drop in the rectifying 
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section as compared to the stripping section by the effect of liquid phase viscosity. The 

effect is clearly observed with [emim][Cl] that shows the lowest values and EG that shows 

the highest ones. This trend is the same as sieve trays. Additionally, two important facts are 

observed. First, similar to sieve trays, the increase in S/F ratio does not produce a 

significant decrease in the mass transfer coefficient profiles because of a rise in the 

temperature profiles (boiling points) that moderates the increase in liquid phase viscosities. 

A small decrease is observed for [emim][Cl]. Additionally, when increasing the S/F ratio, 

the superficial liquid velocities on the packing increase. This improves mass transfer. 

Secondly, the mass transfer coefficients in packing are lower than in sieve trays. This is 

because in sieve trays the vapor flows upward and vigorously bubbles through the liquid on 

the tray forming a turbulent vapor-liquid dispersion. Additionally, a liquid holdup is 

maintained on the tray. These characteristics create a large vapor-liquid contact area and 

high mass transfer coefficients. In a packed colum instead, a continuous vapor-liquid 

contact is promoted by the interfacial area. However, a lower liquid holdup and therefore 

lower contact time between phases are achieved. As a result lower mass transfer 

coefficients than in trays are obtained [16].   
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Figure 5.6. Liquid phase viscosity profiles along the column for a) S/F = 1 and b) S/F = 2 
(mass basis) calculated when the different solvents are added to the column and D/F = 0.4 

(mass basis). 
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Figure 5.7. Averaged mass transfer coefficient profiles along the column for a) S/F = 1 and 
b) S/F = 2 (mass basis) calculated when the different solvents are added to the column and 

D/F = 0.4 (mass basis). 

 

Figure 5.8 shows the HETP profiles over the column. The mass transfer efficiency 

order is [emim][OAc] > [emim][DCA] > [emim][Cl] > EG in the rectifying section for both 

S/F ratios. The observation of these profiles does not produce different conclusions from 

sieve trays. However, two important points are noticed. Firstly, in contrast to sieve trays, 

improvements in mass transfer efficiency when using ILs are obtained when increasing the 

S/F ratio.  This is explained by the fact that in packed columns the liquid and vapor flow are 

in countercurrent and the packing surface allows an intimate vapor-liquid contact. As a 

result, the packed distillation column operates closer to equilibrium than sieve trays, and 

thereby the effect of the relative volatility predominates over the increase in liquid phase 

viscosity. Secondly, and continuing with this observation, EG presents the lowest mass 

transfer efficiency (highest HETP) for both S/F ratios due to the low increment in relative 

volatility and the increase of liquid phase viscosity. 
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Figure 5.8. HETP profiles along the column for a) S/F = 1 and b) S/F = 2 (mass basis) 
calculated when the different solvents are added to the column and D/F = 0.4 (mass basis). 

 

5.6 Conclusions 

The mass transfer efficiency in extractive distillation for the separation of water – 

ethanol mixtures using ionic liquids and the reference organic solvent ethylene glycol (EG) 

was analyzed for two solvent-to-feed ratios and two internals: Sieve trays and Mellapak® 

250Y. 

With both internals, the liquid phase viscosity inside the colum has a limited impact on 

mass transfer coefficients. When increasing the solvent-to-feed ratio, there is a slight 

decrease in all the mass transfer coefficient profiles in sieve trays. In Mellapak® 250Y, this 

decrease is less pronounced. 

In sieve trays, relatively high viscosities affect the mass transfer efficiency. However, 

the improvements in relative volatilities shown by ionic liquids allow to overcome this 

effect. Very viscous ionic liquids (> 65[mPa s] at T = 353.15K) lower the mass transfer 

efficiency no matter how high relative volatility.  

Increased distillate-to-feed ratios produce drastic mass transfer efficiency drops in the 

stripping section when using ionic liquids as solvent.  
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In Mellapak® 250Y, also the relatively high viscosities does not decrease the mass 

transfer efficiency due to improved relative volatilities. Also here, the increase in solvent-

to-feed ratio enhances mass transfer efficiency when using ionic liquids.  

 

Nomenclature 

 

OV
E  Point efficiency, Tray Efficiency 

O
E  Section efficiency 

HETP  Height equivalent to a theoretical plate, m 

L
H  Height of transfer units in the liquid phase, m 

V
H  Height of transfer units in the vapour phase, m 

OV
H  Overall height of transfer units, m 

P
H � Actual height of the packing, m 

L
k � Liquid phase mass transfer coefficient, m s-1  

'
LN � Number of transfer units in the liquid phase 

real
N � Actual number of stages 

V
N � Number of transfer units in the vapor phase 

OV
N � Overall number of transfer units 

T � Temperature, K 

VS
u  Vapor velocity, m s-1 

,VS floodingu  Vapor velocity at flooding, m s-1 

�

Greek letters 

 
α  Relative volatility 

Λ  Stripping factor 

η  Dynamic viscosity, mPa s 
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6 
Pilot plant study on the separation of Toluene-
Methylcyclohexane mixtures using NMP and the ionic liquid 

[HMIM][TCB] as solvents. 

 

 

Abstract 

The separation of the close-boiling point mixture: toluene – methylcyclohexane can be 

carried out by extractive distillation using the ionic liquid [hmim][TCB]. However, high 

solvent-to-feed ratios are needed to separate this mixture. Therefore, higher liquid phase 

viscosities are expected than for ethanol-water separation with [emim][DCA] in the 

previous chapters with the corresponding mass transfer limitations. Experiments in an 

extractive distillation pilot plant were carried out with the objective of first exploring 

different operating conditions and second to compare the mass transfer efficiencies 

produced by [hmim][TCB] and the reference solvent NMP. From two distillate rates and 

two reboiler duties, it was found that all the studied operating conditions were in the one-

liquid-phase region. As expected the high solvent-to-feed ratios created high liquid phase 

viscosities and consequently the use of this ionic liquid produces HETPs  twice as high as 

the reference solvent.  

�
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6.1  Introduction 

 

In the previous chapters the decrease in mass transfer efficiency with solvent viscosity 

has been study for the water – ethanol mixture.  This study can be perfectly extended to any 

kind of mixture where an ionic liquid is thought to replace a conventional organic solvent. 

The separation of aromatic – aliphatic mixtures is a good example. The separation of 

toluene and methylcyclohexane is difficult due to their proximity of their boiling points. 

This separation is possible by extractive distillation (ED) using N-methyl-2-pyrrolidone 

(NMP) as solvent [1]. Recently, the ionic liquid 1-hexyl-3-methylimidazolium 

tetracyanoborate ([HMIM][TCB]) has been proposed as a promising replacement of 

conventional organic solvents [2] as the produced relative volatilities outperform by far that 

of the currently used polar organic solvents. To our knowledge, no other ionic liquid has 

been proposed to separate this mixture.  

When using this new separating agent, challenging process conditions are required to 

utilize the solvent potential. Due to the high polarity of this ionic liquid and the low polarity 

of toluene and methylcylcohexane, the solubility of the solvent in the mixture is very 

limited [2] and the formation of two liquid phases becomes an issue. The two liquid phases 

inside the ED column do not allow achieving a proper separation. The limited solubility is 

causing high S/F ratios even at the very low reflux ratios required due to the strongly 

increased relative volatility. This represents challenging operating parameters since high 

S/F ratios bring an increase in liquid phase viscosities and thus mass transfer limitations 

that could result in a longer column required to achieve a desired purity. This fact was 

studied in detail in the previous chapter for the water – ethanol separation using 1-ethyl-3-

methylimidazolium dicyanamide [emim][DCA]. In that chapter rate-based simulations were 

validated using pilot plant experiments. So then, the rate-based model should be the tool to 

study the proper operating parameters for the toluene – methylcyclohexane separation with 

[HMIM][TCB] and the decrease in mass transfer efficiency due to the high S/f ratios. 

However, to carry out such simulations, accurate VLE data are essential along with the rest 

of the physical and transport properties. Only liquid-liquid equilibrium data (LLE) of the 

ternary mixture toluene – methylcyclohexane – [hmim][TCB] at low temperatures (from 20 

to 60ºC) is available in literature [2] and could be used to obtain the binary parameters of a 

model to predict VLE such as Wilson, NRTL or UNIQUAC. However, the parameters were 
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not regressed from VLE data and the rate-based simulation could lead to erroneous results 

from using LLE to predict VLE. Furthermore, determination of these VLE data and 

physical properties, would be highly time consuming. For these reasons, pilot plant 

experiments to compare solvent performances has been used as an alternative to the rate-

based simulations. It is worth nothing that the ED column was already built and used in 

Chapter 4.   

Therefore, the objective of this chapter is to compare the performance of two solvents: 

NMP and [HMIM][TCB] in an ED pilot plant equipped with Mellapak® 750Y structured 

packing at several operating conditions that allow to have one liquid phase. Additionally, 

the liquid phase resistances and the mass transfer efficiency quantified through the Height 

Equivalent to a Theoretical Plate (HETP) obtained under these challenging operating 

conditions are studied in this work. To our knowledge, this is the first study where the 

performance of this new promising ionic liquid is studied in a pilot plant.  

 

6.2 Operating parameters 

As explained in the introduction, the limited solubility of the ternary system toluene – 

methylcyclohexane – [HMIM][TCB] represents the most challenging issue in this 

separation because it requires operating parameters that avoid the two-phase region. Figure 

6.1 depicts the solubility region for this system in a ternary diagram. This diagram 

corresponds to a vapor-liquid-liquid diagram. 

The phase diagram was constructed using the UNIQUAC model with parameters 

obtained from the literature [2]. It is observed that the solubility of methylcyclohexane in 

[hmim][TCB] is limited to a mole fraction of 0.16 while the toluene solubility in 

[hmim][TCB] is 0.82 at the indicated temperature in Figure 6.1. The temperature does not 

have a significant influence on the solubility for this system [2]. In the ED column the 

solvent is added at the top of the column where methylcylcohexane is obtained in the 

condenser. To maintain operation in the one-phase region, a low reflux ratio and high S/F 

ratios are required. By doing this, the methylcyclohexane is mainly removed from the 

condenser and not recycled back to the column. Knowing these two facts and using the 

UNIQUAC model, equilibrium calculations in ASPEN® Plus Radfrac can be carried out to 

estimate the process parameters. Table 6.1 lists the obtained process parameters. 
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Figure 6.1. Ternary diagram for the system Toluene – Methylcyclcohexane – 
[hmim][TCB] at the equilibrium temperature. 

 

However, the equilibrium calculations are insufficient to represent the real process of 

this pilot plant since they do not take into account the heat and mass transfer limitations. 

For this reason, several operating conditions are tested in the ED pilot plant of which the 

main features were already presented in chapter 4.   

As observed from Table 6.1 only one S/F ratio is studied because a further increase of 

this parameter made the pilot plant very difficult to operate and by reducing S/F the liquid-

liquid immiscibility region would be entered.  

 

 



Pilot plant study on the separation of toluene-methylcyclohexane �

125 
�

Table 6.1. Operating conditions 
Variable Value   
Feed flow rate [kg h-1] 2   
Toluene concentration at feed 
[wt%] 

70   

Feed temperature [ºC] 90   
Solvent temperature [ºC] 100   
Solvent-to-feed ratio (mass) 5   
Case studies Solvent Reboiler duty [kW]a Distillate rate [kg h-1] 

Case I.a NMP 50% 0.3 
Case I.b [hmim][TCB] 50% 0.3 
Case II [hmim][TCB] 50% 0.6 
Case III [hmim][TCB] 30% 0.3 

a 100% = 2.04 [kW] 
 

6.3 Physical properties of the solvents 

 

To calculate the mass transfer coefficients and determine the liquid phase resistances, 

physical and transport properties are needed. The most relevant to this work is the viscosity 

and its change with concentration and temperature in the ternary mixture along with the 

vapor-liquid equilibrium information. The relative volatilities and the viscosities of 

[hmim][TCB] and NMP are depicted in tables 6.2 and 6.3 respectively. Liquid dynamic 

viscosities in the ternary mixture toluene – methylcyclohexane – [hmim][TCB] are 

presented in Appendix A.6. The experimental procedure to determine this property is 

explained in detail in chapter 3. In chapter 5 we have concluded that the viscosity of the 

solvents does not affect the mass transfer efficiency of the extractive distillation process as 

long as the solvent produces high relative volatilities.  

 

Table 6.2. Relative volatilities at a SFR in mass basis obtained by the use of 
different solvent and calculated at 70% w/w toluenea. 

 α   
Solvent S/F = 5 Model Source of binary parameters 
NMP 2.83 NRTL ASPEN® Plus 

[hmim][TCB] 9.42 UNIQUAC [2] 
a This concentration falls into the one-phase region in figure 6.1 
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Table 6.3. Pure solvent viscosities as function 
of temperature. 

T [K] η  [mPa s] 
 NMPa [hmim][TCB]b 

298.15 1.89 47.83 
303.15 1.72 37.42 
308.15 1.58 29.89 
313.15 1.45 24.33 
318.15 1.34 20.11 
323.15 1.24 16.89 
328.15 1.15 14.28 
333.15 1.07 12.30 
338.15 0.99 10.68 
343.15 0.93 9.34 

a Values obtained from Aspen® Plus.  
b Measured in this work. 

 

Table 6.2 confirms the significant increase in relative volatility when using 

[hmim][TCB] instead of NMP. As discussed in Chapter 4, this variable contributes to an 

increase in mass transfer efficiency. Furthermore, in table 6.3 the viscosities of both 

solvents are compared at different temperatures. It is observed that the viscosity of the ionic 

liquid is around 25 times higher than the organic solvent at T = 298.15 K. However, this 

ionic liquid is not as viscous as other ionic liquids [3]. Therefore, the reduction in mass 

transfer is expected to be limited. Nevertheless, the high S/F ratio could have an effect.  

 

 

6.4 Liquid phase resistance 

 

The mass transfer efficiency in a packed column is expressed by the Height Equivalent 

to a Theoretical Plate: 

ln( )
1OVHETP H

Λ
=

Λ −  

6.1 

 

and the overall height of transfer units is calculated as: 
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OV V L
H H H= + Λ  

6.2 

 

which is composed of  the height of transfer unit in the vapor phase,  V
H

 and the height of 

transfer unit in the vapor phase by the stripping factor, 
L

HΛ . Both originate from the 

resistance. The height of transfer units is calculated using a mass transfer correlation along 

with the rate-based model. A rate-based model was built to predict the performance of the 

pilot plant and to compare the performance of both solvent NMP and [hmim][TCB] in 

terms of the height of transfer units in the liquid phase and the mass transfer efficiency or 

HETP value. To carry out these rate-based simulations physical and transport properties 

were defined. In chapter 2 it was established that liquid viscosities, surface tension and 

infinite dilution diffusion coefficients have to be accurately provided. In the appendix 

section (table A.6.1) experimental ternary viscosities for the ternary system toluene – 

methylcyclohexane – [hmim][TCB] are presented. Additionally, the surface tension of the 

pure ionic liquid was experimentally determined. Table 6.4 shows the experimental value. 

Minimal differences in surface tension is observed between NMP and [hmim][TCB]. 

Infinite dilution diffusion coefficients were calculated using the Wilke&Chang equation. 

Although, all the requirements to run the rate-based simulations were complete, it appeared 

impossible obtain convergence. The thermodynamic parameters used in this work were 

determined from experimental liquid – liquid data at low temperatures (T = 293.15 to 

333.15 K) [2]. This last point could be the source of instability when running simulations. 

Therefore, it was finally decide to calculate the liquid side height of transfer units and the 

HETP number manually.  

In this work the Rocha et al. mass transfer correlation [4,5] was previously chosen to 

successfully predict the performance of the ED pilot plant using ionic liquid as solvent. 

Nevertheless, for simplicity in calculating mass transfer coefficients the Bravo et al. [6] 

mass transfer correlation has been chosen. The main assumption in this correlation is that 

the surface provided by the packing is completely wetted and the change of interfacial area 

for mass transfer as function of surface tension is not considered. Furthermore, the effect of 

surface tension on interfacial area will especially be stronger in high surface area packing 

like Mellapak® 750Y. For aqueous systems, this assumption brings large deviations as 
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demonstrated previously in Chapter 4. However, in this work, the components of the 

ternary mixture have relatively low surface tensions that would enhance the degree of 

wetting of the packing surface approaching to the complete wetting. Several studies 

confirm this fact. For instance Tsai et al. [7] measured the changes in effective area with 

surface tension in chemical absorption using Mellapak® 250Y and 500Y. Reductions in 

surface tension of the system enhance the effective area for mass transfer. Additionally, 

Ataki and Bart [8] determined that viscosity exhibits an effect on degree of wetting of 

Rombopak® structured packing. Highly viscous forces increase the degree of wetting of the 

packing surface. For these reasons it is considered a valid approach to estimate the mass 

transfer in this low surface tension and viscous system by the Bravo et al. [6] mass transfer 

correlation. 

Table 6.4. Pure component surface tension at T 
= 298.15 K 

Component σ  [mN m] 
Toluene 27.92a 

Methylcyclohexane 23.31a 

NMP 42.2a 

[hmim][TCB] 40.3b ± 0.1c 

a Values obtained from Aspen® Plus.  
b Measured in this work. Measuring 
temperature T = 296.12 ± 0.25c 
c Standard deviation. 

 

Finally, the relation between the height of transfer units and the mass transfer coefficient is: 

'
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6.4 

 

Equations 6.1 and 6.3 are the basis for the comparisons between solvents. However, 

the Height Equivalent of a Theoretical Plate could be calculated under several assumptions. 

In equations 6.1 and 6.2 the stripping factor Λ  is required which is obtained from vapor-

liquid equilibrium calculations. In this work, the stripping factor is obtained from the 
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experimental liquid phase compositions from the pilot plant and using the UNIQUAC 

model parameters [2]. By doing this, it is assumed that those compositions in the liquid 

phase are in equilibrium with the calculated compositions in the vapor phase. Hereafter, the 

obtained vapor compositions are used to calculate the mass transfer coefficients in the 

vapor phase. Next, the liquid and vapor molar flow rates are calculated using ASPEN® 

Plus in equilibrium mode and taking into account the operating conditions from every 

experiment. Finally, the superficial velocities in the vapor and liquid phases are calculated 

based on the molar vapor and liquid flow rates respectively.  

 

6.5 Results 

 

6.5.1 Experimental profiles 

 

Figures 6.2 to 6.5 show the experimentally obtained concentration and temperature 

profiles over the column at the respective operating conditions shown in Table 6.1. First, 

NMP and [hmim][TCB] are compared (cases I.a and I.b respectively). Figure 6.2 and 6.3 

show the concentration and temperature profiles respectively.   
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Figure 6.2. Concentration profiles (mass fractions) for the ED of toluene – MCH using a) 
NMP (case I.a) and b) [hmim][TCB] (case I.b) as solvents. The operating conditions are 

detailed in Table 6.1. 
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Figure 6.3. Experimental temperature profiles obtained from the pilot plant for the ED of 
toluene – MCH using a) NMP (case I.a) and b) [hmim][TCB] (case I.b) as solvents. 

 

As a consequence of S/F = 5, high (60-90 wt%) solvent concentrations are observed in 

Figure 6.2 for both cases I.a and I.b. This produces a viscous liquid phase inside the column 

and may thus yield mass transfer limitations especially when using the ionic liquid. 

Differences between solvents are observed in the solvent concentration where 

[hmim][TCB] is present in even higher concentrations than NMP due to its negligible vapor 

pressure. As NMP has a vapor pressure, part of it is vaporized and the liquid concentration 

reduced, while the ionic liquid remains in the liquid phase. For both cases, the toluene 

concentration is very low in the two concentration points below the condenser. It is worth 

noting that the concentration points when using [hmim][TCB] as solvent are within the one-

phase region in the ternary diagram. (see Figure 6.6) 

Figure 6.3 shows the temperature profiles over the column for both solvents. As 

expected, higher temperatures are obtained when applying NMP. This is because NMP is 

partially vaporized and its boiling point influences the temperature profiles. This 

phenomenon is also observed in chapter 4 where the profiles containing the ionic liquids 

showed lower temperatures than those of the conventional solvent ethylene glycol for the 

separation of ethanol/water.  
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After these runs, two additional cases are studied to decrease the reflux ratio and test 

operating conditions that fall into the one-phase region in the ternary diagram. In case II the 

distillate rate is increased keeping the rest of the operating variables constant. In case III the 

reboiler duty is reduced to decrease the reflux ratio. However, in both cases the L/V ratio is 

modified influencing the mass transfer efficiency of the process. Figure 6.4 shows the 

concentration profiles of a) case II and b) case III. 
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Figure 6.4. Experimental concentration profiles for the ED of toluene – MCH obtained 
from the pilot plant for a) case II and b) case III. The operating conditions are detailed in 

Table 6.1. 
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Figure 6.5. Experimental temperature profiles from the pilot plant for the ED of toluene – 
MCH for a) case II and b) case III. The operating conditions are detailed in table 6.2. 

 

Basically, no significant differences are observed in figure 6.4 when compared to 

figure 6.2b. The concentrations profiles are very similar to Case I because the S/F ratio is 

the predominant operating variable. However, the differences appear in the temperature 

profiles. As expected, lower temperatures are obtained when reducing the reboiler duty 

because less vaporizable liquid passes from the liquid to the vapor phase staying in the 

liquid phase. This decreases the boiling point of the mixture. Figure 6.6 shows the ternary 

diagram containing the experimental points for all three cases. It confirms that for all the 

cases the experimental compositions fall into the one phase region. Case II is operating the 

farthest away from the two phase boundary because more vapor of methylcyclohexane is 

withdrawn from the column when increasing the distillate rate decreasing the 

methylcyclohexane concentration over the column.  
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Figure 6.6. Experimental concentration profiles located inside the ternary diagram. 

 

 

6.5.2 Mass transfer 

 

A high S/F ratio is needed when using this ionic liquid to avoid forming two-liquid 

phases. As mentioned above, and studied in the two previous chapters, this could bring 

mass transfer limitations. Figure 6.7.a and 6.7.b show the viscosity profiles and the liquid 

phase height of transfer unit profiles respectively for all the experimental cases (I.a, I.b, II 

and III). The liquid phase viscosities were obtained experimentally (the experimental 

procedure is explained in chapter 3) and subsequently correlated using the Eyring-Patel-

Teja model [9]. This information is given in appendix A.6. Finally, the model is used to 

calculate viscosities with the experimental compositions from the pilot plant.  



Chapter 6 
 
�

134 
�

0 1 2 3 4 5

0

500

1000

1500

2000

2500

3000

P
a

c
k
in

g
 h

e
ig

h
t 

[m
m

]

Viscosity [mPa s]

 case I.a

 case I.b

 case II

 case III

a)

0.04 0.08 0.12 0.16 0.20 0.24

Liquid phase height of transfer units [-]

b)

 

Figure 6.7. Calculated liquid phase viscosity and liquid phase height of transfer unit 
profiles for the ED of toluene – MCH for all the studied cases. 

 

In Figure 6.7.a the influence of [hmim][TCB] on the liquid viscosity can be clearly 

observed. While the separation of the toluene – methylcyclohexane mixture with NMP 

(Case 1.a) shows low viscosities, [hmim][TCB] exhibits high values reaching 4 [mPa s] in 

the rectifying section. This behavior is observed for all the cases where the IL is involved 

with small differences between them. Next, the liquid phase height of transfer unit profiles 

for all the cases are presented in figure 6.7.b. The effect of viscosity on these profiles is 

clearly noticed since they follow the same trend. Case I.b shows the highest values because 

of the differences in vapor-liquid ratios. In distillation processes it is well recognized that 

the main resistance to mass transfer is in the vapor phase. The large differences between 

NMP and the IL in figure 6.7.b illustrate the need to study the mass transfer efficiency 

profiles in more detail.  
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Figure 6.8. Calculated HETP profiles for the ED of toluene – methylcyclohexane for all 
studied cases. 

 

Figure 6.8 shows the calculated HETP profiles over the ED pilot plant for all the cases. 

It can be observed that the impact of the liquid phase resistance on the mass transfer 

efficiency is significant. As previously noticed, the high viscosities produced inside the 

pilot plant by the high S/F ratios when using [hmim][TCB], resulted in a decrease of mass 

transfer efficiency with regard to the reference solvent NMP even though the use of the IL 

solvent produces much higher relative volatilities.  As a result the HETP when using 

[hmim][TCB] is about twice as high as the HETP when using NMP. 
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6.6 Conclusions 

 

The operation and the mass transfer efficiency for the separation of toluene – 

methylcyclohexane mixtures using the ionic liquid 1-hexyl-3-methylimidazolium 

tetracyanoborate and the reference solvent N-methyl-2-pyrrolidone were compared in an 

extractive distillation pilot plant equipped with Mellapak® 750Y structured packing. 

In general, all the proposed operating conditions were favorable for the separation of 

this mixture. High solvent-to-feed ratios were required because this avoided the formation 

of two liquid phases.  

The liquid phase viscosity profiles over the column were estimated using the Eyring-

Patel-Teja model using the experimental compositions from the pilot plant. High viscosities 

were observed as a consequence of the high solvent-to-feed ratios and the viscosity of the 

ionic liquid.  

The liquid side height of transfer unit and the mass transfer efficiency of the process 

(HETP) were estimated. The use of the IL as solvent exhibited lower mass transfer 

efficiencies for all the studied cases. The HETPs when using [hmim][TCB] were almost as 

twice as high as with NMP.  

In this case, high solvent-to-feed ratios were required to avoid forming two liquid 

phases leading to attractive relative volatilities (	 = 9.42 at S/F ratio 5) and high liquid 

phase viscosities. However, the first could not overcome the effect of liquid phase 

viscosity. Therefore, during the solvent screening for this separation it would be crucial to 

select a less viscous ionic liquid (<< 47.83 [mPa s] at 298.15 K) with high relative 

volatilities. 
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Nomenclature 

OV
E  Tray efficiency 

HETP  Height equivalent to a theoretical plate, m 

L
H  Height of transfer units in the liquid phase, m 

V
H  Height of transfer units in the vapor phase, m 

OV
H  Overall height of transfer units, m 

L
k  Liquid side mass transfer coefficient, m s-1 

V
k  Vapor side mass transfer coefficient, m s-1 

'
LN  Number of transfer units in the liquid phase 

V
N  Number of transfer units in the 137apour phase 

OV
N  Overall number of transfer units 

T  Temperature, K 

L
u  Superficial velocity of liquid, m s-1 

V
u  Superficial velocity of vapour, m s-1 

 

Greek letters 

α  Relative volatility 

Λ  Stripping factor 

η  Dynamic viscosity, mPa s 

σ  Surface tension, mN m-1 
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Conclusions and Outlook 

 
 

In this work the mass transfer efficiency decrease with solvent viscosity was studied by 

using a rate-based model and a extractive distillation pilot plant for two separation cases: 

water - ethanol and toluene – methylcyclohexane. By using experimentally determined 

physical and transport properties of the ionic liquids a rate-based model was developed to 

predict the changes in mass transfer efficiency with viscosity. Later, this model was 

validated with a constructed pilot plant where the model appeared able to predict the 

performance of the pilot plant. By the use of the rate-based model it was demonstrated that 

the physical properties of ionic liquids and specifically the viscosity do affect the mass 

transfer efficiency of extractive distillation columns. However, when considerable 

improvements in relative volatilities are achieved, it is possible to overcome these 

reductions in mass transfer efficiency. To corroborate this conclusion, experiments in the 

pilot plant showed that for the separation of toluene – methylcyclohexane the reference 

solvent showed higher mass transfer efficiency because the use of 1-hexyl-3-

methylimidazolium tetracyanoborate required high solvent-to-feed ratios and therefore 

yielded high liquid phase viscosities.  
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7.1 Conclusions 

 

The main objective of this work was an  

Investigation into the effects of physical properties of ionic liquids as solvents on the 

mass transfer efficiency in an extractive distillation column using the rate-based 

model.  

To achieve the main objective, sub-objectives were defined as follows: 

• Investigation of the relevant physical properties to study the decrease of the 

mass transfer efficiency by the use of ionic liquids as solvents 

• Experimental determination of liquid viscosity, infinite dilution diffusion 

coefficients and surface tension of the selected ionic liquids for water – 

ethanol separation. 

• Validation with experimental data from a pilot plant of a built rate-based 

model to predict the water – ethanol separation using ionic liquids as solvent. 

• Investigation into the effect of liquid viscosity of ionic liquid on mass transfer 

efficiency. 

• Experimental comparison an ionic liquid and an organic solvent on the 

performance of the toluene - methylcyclohexane separation in an extractive 

distillation pilot plant.   

 

Sieve trays and Mellapak® 250Y were the selected internals to study the effect of 

physical properties on mass transfer efficiency. For the water – ethanol separation three 

ionic liquids were chosen: 1-ethyl-3-methyimidazolium chloride, [emim][Cl]; 1-ethyl-3-

methyimidazolium acetate [emim][OAc]; and 1-ethyl-3-methyimidazolium dicyanamide, 

[emim][DCA]. Furthermore, ethylene glycol was selected as the reference solvent.  

The rate-based model requires physical and transport properties to provide predictions. 

The required physical and transport properties to be experimentally determined and thus 
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accurately represent the changes in mass transfer efficiency with the use of ionic liquids 

were:   

 

• dynamic viscosities as function of temperature and concentration in the 

ternary mixture water – ethanol – solvent;  

• infinite dilution diffusion coefficients of ionic liquids in water or ethanol  

• liquid surface tension as function of concentration at room temperature. 

 

The experimental work to determine the above mentioned physical and transport 

properties as then carried out for the pure solvents and they in binary and ternary mixtures 

in a wide range of concentration and temperatures. Next, all the pure and mixture data were 

successfully correlated with available models from literature. With the correlation of all the 

measured properties, the rate-based model was developed.  

An extractive distillation pilot plant equipped with Mellapak� 750Y was constructed to 

validate the built rate-based model. This pilot plant operated with ethylene glycol and the 1-

ethyl-3-methylimidazolium dicyanamide as solvents. The comparisons between the 

experimental data and the simulations showed very good agreements confirming the 

predictive characteristic of the rate-based model. 

The rate-based model stablished that in both studied column internals the relatively 

high viscosities of ionic liquids affected the mass tranfer efficiency. However, when 

considerable improvements in relative volatility were achieved it was possible to overcome 

the effect of viscosity on mass transfer limitations.  

Finally, the constructed extractive distillation pilot plant was used to extend the mass 

transfer efficiency study to the separation of toluene – methylcyclohexane mixtures using 

the ionic liquid 1-hexyl-3-methylimidazolium tetracyanoborate and the reference solvent N-

methyl-2-pyrrolidone. The high solvent-to-feed ratios during the operation of the pilot plant 

brought high liquids phase viscosities leading to decrease in mass transfer efficiency to the 

half of the separation with the organic solvent even though the high reported relative 

volatilities.  
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Concerning the above mentioned conclusions it is justified to conclude that although 

the relatively high viscosity of ionic liquids reported in this work and in literature, these 

novel solvents should not be discarded as solvent in extractive distillation. It is accepted in 

literature and academia that viscosity brings mass transfer limitations. However, the use of 

ionic liquids allows achieving increased relative volatilities and this property is often more 

important when calculating mass transfer efficiency. This new finding should be taken into 

account firstly in solvent screening and next in equipment design. 

 

 

7.2 Outlook 

In this study the effect of physical properties and especially dynamic viscosity of ionic 

liquids on mass transfer efficiency was evaluated using a predictive rate-based model. It 

was concluded that the increase in relative volatility can compensate for relatively high 

liquid phase viscosities. However, in the second case, the separation of toluene and 

methylcyclohexane showed that the high liquid phase viscosities produced by the high 

solvent-to-feed ratio reduced the mass transfer efficiency no matter how high the relative 

volatility was. This general conclusion leads to say that viscosity of ionic liquids has to be 

taken into account during a solvent screening.  

 

Second, the rate-based model predicted these mass transfer efficiency changes. This 

model needed accurate physical and transport properties. In this sense, a more complete 

study on vapor – liquid equilibrium would enable the analysis of the mass transfer 

efficiency at any solvent-to-feed ratio. In the second separation case, the rate-based model 

did not produced result possibly because of the thermodynamic parameters regressed from 

liquid-liquid equilibrium experiments. Here, a complete vapor-liquid equilibrium is 

necessary to obtain predictions from the rate-based model.  
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Appendices 

 

Appendix A: Data physical properties 

 

Table A.3.1. Experimental densities, ρ , and dynamic viscosities, η , of the binary 

mixtures ( 1x water + ( 11 x− )IL) at several temperatures. 

1x  
ρ  

[g cm-3] 

η  

[mPa s] 1x  
ρ  

[g cm-3] 

η  

[mPa s] 1x  
ρ  

[g cm-3] 

η  

[mPa s] 
[emim][OAc] [emim][DCA] [emim][Cl] 

T = 298.15 K T = 323.15 K 

0 1.09778 132.91 0 1.10198 14.90 0.2963 1.12494 63.98 
0.0992 1.09833 109.71 0.1299 1.09967 12.78 0.3946 1.12687 38.76 
0.2220 1.09960 89.23 0.2248 1.09756 11.24 0.4933 1.12251 22.09 
0.3233 1.10135 72.97 0.3042 1.09554 10.14 0.5818 1.11914 15.28 
0.4207 1.10342 59.52 0.4308 1.09163 8.39 0.6211 1.11410 12.45 
0.5408 1.10590 44.42 0.5429 1.08693 6.96 0.6715 1.10978 8.31 
0.6135 1.10648 35.87 0.6534 1.08099 5.41 0.7407 1.09993 5.66 
0.6805 1.10586 28.75 0.7355 1.07356 4.41 0.8002 1.08858 4.00 
0.7482 1.10395 21.90 0.7944 1.06672 3.61 0.8665 1.06715 2.42 
0.8134 1.09790 15.44 0.8803 1.05139 2.46 0.9344 1.02683 1.49 
0.9067 1.07245 6.16 0.9530 1.02746 1.47    

1 0.99704 0.89 1 0.99704 0.89    
 

T = 313.15 K 
 

T = 333.15 K 
0 1.08862 57.72 0 1.09209 10.07 0.2963 1.11939 41.04 

0.0992 1.08918 49.47 0.1299 1.08976 8.71 0.3946 1.12355 28.51 
0.2220 1.09043 42.26 0.2248 1.08759 7.79 0.4933 1.11693 15.95 
0.3233 1.09226 35.96 0.3042 1.08552 7.04 0.5818 1.11351 11.47 
0.4207 1.09404 30.19 0.4308 1.08152 5.80 0.6211 1.10836 9.41 
0.5408 1.09647 23.49 0.5429 1.07671 4.81 0.6715 1.10396 6.51 
0.6135 1.09710 19.09 0.6534 1.07067 3.81 0.7407 1.09439 4.42 
0.6805 1.09611 15.63 0.7355 1.06316 3.11 0.8002 1.08249 3.18 
0.7482 1.09400 11.99 0.7944 1.05634 2.56 0.8665 1.06107 2.10 
0.8134 1.08770 8.51 0.8803 1.04142 1.73 0.9344 1.02031 1.01 
0.9067 1.06285 3.74 0.9530 1.01908 1.08    

1 0.99221 0.65 1 0.99221 0.65    
 

T = 328.15 K 
 

T = 343.15 K 
0 1.07953 30.31 0 1.08236 7.26 0.2963 1.11392 27.82 

0.0992 1.08039 27.00 0.1299 1.07998 6.33 0.3946 1.11590 19.70 
0.2220 1.08138 23.49 0.2248 1.07776 5.65 0.4933 1.11140 11.96 
0.3233 1.08322 20.48 0.3042 1.07565 5.11 0.5818 1.10790 8.83 
0.4207 1.08488 17.50 0.4308 1.07154 4.30 0.6211 1.10265 7.32 
0.5408 1.08718 13.85 0.5429 1.06661 3.58 0.6715 1.09813 5.08 
0.6135 1.08762 11.44 0.6534 1.06042 2.84 0.7407 1.08839 3.52 
0.6805 1.08639 9.43 0.7355 1.05277 2.32 0.8002 1.07635 2.60 
0.7482 1.08404 7.32 0.7944 1.04590 1.90 0.8665 1.05463 1.81 
0.8134 1.07742 5.30 0.8803 1.03117 1.31 0.9344 1.01490 0.86 
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0.9067 1.05288 2.54 0.9530 1.00992 0.82    
1 0.98569 0.51 1 0.98569 0.51    

 
T = 343.15 K 

 

T = 358.15 K 
0 1.07054 18.10 0 1.07277 5.48 0.2963 1.10585 16.96 

0.0992 1.07110 16.46 0.1299 1.07035 4.84 0.3946 1.10788 12.30 
0.2220 1.07243 14.52 0.2248 1.06806 4.34 0.4933 1.10322 8.22 
0.3233 1.07422 13.21 0.3042 1.06590 3.94 0.5818 1.09958 6.26 
0.4207 1.07589 11.11 0.4308 1.06168 3.33 0.6211 1.09410 5.27 
0.5408 1.07799 8.98 0.5429 1.05661 2.78 0.6715 1.08941 3.75 
0.6135 1.07818 7.48 0.6534 1.05022 2.23 0.7407 1.07935 2.64 
0.6805 1.07667 6.22 0.7355 1.04238 1.80 0.8002 1.06706 2.01 
0.7482 1.07406 4.87 0.7944 1.03539 1.48 0.8665 1.04406 1.36 
0.8134 1.06707 3.57 0.8803 1.02065 1.04 0.9344 0.99934 0.68 
0.9067 1.04251 1.81 0.9530 1.00007 0.66    

1 0.97777 0.41 1 0.97777 0.41    
a Standard uncertainties u are u(T) = 0.003, u(x) = 5E-05, u( ρ ) = 1E-05 and the relative 

standard uncertainty ur in ur(η ) = 0.0038. 

 

 

 
Table A.3.2. Experimental densities, ρ , and dynamic viscosities, η , of the binary 

mixtures ( 2x ethanol + ( 21 x− )IL) at several temperaturesa. 

2x  ρ  

[g cm-3] 

η  

[mPa s] 
2x  ρ  

[g cm-3] 

η  

[mPa s] 
2x  ρ  

[g cm-3] 

η  

[mPa s] 
[emim][OAc] [emim][DCA] [emim][Cl] 

T = 298.15 K T = 323.15 K 

0 1.09778 132.91 0 1.10198 14.90 0.1306 1.10890 76.15 
0.1059 1.08681 92.32 0.1020 1.09128 12.69 0.1997 1.10005 53.58 
0.1638 1.07968 75.01 0.1981 1.07970 10.80 0.2652 1.08923 37.70 
0.2471 1.06814 54.23 0.2790 1.06926 9.27 0.3356 1.07200 25.70 
0.3504 1.05116 35.17 0.3596 1.05570 7.85 0.4001 1.05301 18.61 
0.4165 1.03874 26.52 0.4741 1.03392 6.04 0.4769 1.03429 12.48 
0.4824 1.02487 19.82 0.6028 1.00180 4.42 0.5335 1.01479 9.39 
0.5572 1.00685 14.11 0.6867 0.97518 3.47 0.6000 0.99543 6.53 
0.6646 0.97514 8.27 0.7678 0.94285 2.72 0.6683 0.96865 4.58 
0.7494 0.94523 5.35 0.8503 0.90143 2.08 0.7336 0.94036 3.20 
0.8666 0.87790 2.67 0.9327 0.84639 1.53 0.8012 0.91146 2.26 

1 0.78507 1.09 1 0.78507 1.09 0.8670 0.86755 1.60 
      0.9333 0.82059 1.10 

 
T = 313.15 K 

 

T = 333.15 K 
0 1.08862 57.72 0 1.09209 10.07 0.1306 1.11994 58.76 

0.1059 1.07754 43.53 0.1020 1.08134 8.69 0.1997 1.10437 41.89 
0.1638 1.07035 36.91 0.1981 1.06970 7.53 0.2652 1.08559 29.86 
0.2471 1.05871 28.48 0.2790 1.05921 6.58 0.3356 1.06568 20.42 
0.3504 1.04158 20.30 0.3596 1.04558 5.68 0.4001 1.04692 15.01 
0.4165 1.02905 16.06 0.4741 1.02367 4.45 0.4769 1.02815 10.30 
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0.4824 1.01506 12.48 0.6028 0.99143 3.31 0.5335 1.00861 7.88 
0.5572 0.99689 9.24 0.6867 0.96448 2.65 0.6000 0.98906 5.56 
0.6646 0.96488 5.79 0.7678 0.93185 2.10 0.6683 0.96216 3.98 
0.7494 0.93468 3.89 0.8503 0.88997 1.63 0.7336 0.93329 2.81 
0.8666 0.86640 2.02 0.9327 0.83424 1.19 0.8012 0.89754 2.00 

1 0.77202 0.83 1 0.77202 0.83 0.8670 0.85976 1.42 
      0.9333 0.81210 0.97 

 
T = 328.15 K 

 

T = 343.15 K 
0 1.07953 30.31 0 1.08236 7.26 0.1306 1.09119 41.93 

0.1059 1.06836 24.14 0.1020 1.07156 6.32 0.1997 1.08296 30.46 
0.1638 1.06111 21.14 0.1981 1.05986 5.50 0.2652 1.07192 22.13 
0.2471 1.04938 17.22 0.2790 1.04932 4.86 0.3356 1.05940 15.14 
0.3504 1.03210 12.77 0.3596 1.03561 4.29 0.4001 1.04083 11.42 
0.4165 1.01947 10.47 0.4741 1.01356 3.47 0.4769 1.02226 8.13 
0.4824 1.00537 8.44 0.6028 0.98105 2.59 0.5335 1.00252 6.37 
0.5572 0.98703 6.48 0.6867 0.95388 2.09 0.6000 0.98278 4.60 
0.6646 0.95472 4.27 0.7678 0.92088 1.67 0.6683 0.95567 3.37 
0.7494 0.92420 2.96 0.8503 0.87848 1.30 0.7336 0.92633 2.42 
0.8666 0.85480 1.59 0.9327 0.82195 0.93 0.8012 0.88352 1.75 

1 0.75858 0.64 1 0.75858 0.64 0.8670 0.85214 1.24 
      0.9333 0.80388 0.85 

 
T = 343.15 K 

 

0 1.07054 18.10 0 1.07277 5.48    
0.1059 1.05928 14.96 0.1020 1.06192 4.85    
0.1638 1.05198 13.51 0.1981 1.05017 4.25    
0.2471 1.04014 11.24 0.2790 1.03956 3.81    
0.3504 1.02274 8.69 0.3596 1.02577 3.37    
0.4165 1.01000 7.31 0.4741 1.00356 2.76    
0.4824 0.99577 6.05 0.6028 0.97068 2.13    
0.5572 0.97726 4.76 0.6867 0.94333 1.70    
0.6646 0.94462 3.27 0.7678 0.90993 1.37    
0.7494 0.91374 2.33 0.8503 0.86693 1.10    
0.8666 0.84320 1.28 0.9327 0.80940 0.75    

1 0.74453 0.50 1 0.74453 0.50    
a Standard uncertainties u are u(T) = 0.003, u(x) = 5E-05, u( ρ ) = 1E-05 and the relative 

standard uncertainty ur in ur(η ) = 0.0036. 
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Table A.3.3. Experimental densities, ρ , and dynamic viscosities, η , of the ternary 
mixtures (x1 water + x2  ethanol + 1-(x1 + x2) IL) at several temperaturesa. 

1x  �� ρ  

[g cm-3] 

η  

[mPa s] 
1x  �� ρ  

[g cm-3] 

η  

[mPa s] 
[emim][OAc] [emim][DCA] 

T = 298.15 K 
0.4047 0.2995 1.03263 14.14 0.4040 0.2881 1.02854 4.63 
0.3101 0.2242 1.06176 28.03 0.3032 0.4202 1.00280 4.00 
0.7408 0.1179 1.05000 9.38 0.7083 0.2007 0.99042 2.87 
0.3044 0.2002 1.06707 31.85 0.6015 0.2484 1.00117 3.39 
0.1068 0.4124 1.03228 20.57 0.6986 0.2507 0.95781 2.65 
0.6879 0.2635 0.95983 3.80 0.3486 0.1191 1.06403 6.67 
0.8465 0.1044 1.01034 3.75 0.1385 0.3790 1.03972 5.89 
0.2523 0.4630 0.99872 10.07 0.7595 0.0957 1.03309 3.15 
0.4053 0.4916 0.93642 4.47 0.4093 0.4889 0.93514 2.77 
0.6021 0.2489 1.01417 8.23 0.8359 0.1156 0.99282 2.25 
0.1068 0.5914 0.98010 8.43 0.2046 0.6949 0.89979 2.27 
0.1967 0.7052 0.89436 3.19     

 
T = 313.15 K 

0.4047 0.2995 1.02274 8.83 0.4040 0.2881 1.01807 3.33 
0.3101 0.2242 1.05232 16.28 0.3032 0.4202 0.99219 2.92 
0.7408 0.1179 1.03944 5.57 0.7083 0.2007 0.97958 2.00 
0.3044 0.2002 1.05768 18.16 0.6015 0.2484 0.99034 2.36 
0.1068 0.4124 1.02256 12.70 0.6986 0.2507 0.94642 1.76 
0.6879 0.2635 0.94817 2.41 0.3486 0.1191 1.05384 4.77 
0.8465 0.1044 0.99995 2.34 0.1385 0.3790 1.02947 4.31 
0.2523 0.4630 0.98861 6.66 0.7595 0.0957 1.02266 2.21 
0.4053 0.4916 0.92508 2.99 0.4093 0.4889 0.92354 1.95 
0.6021 0.2489 1.00350 5.06 0.8359 0.1156 0.98293 1.52 

 
T = 328.15 K 

0.4047 0.2995 1.01279 5.91 0.4040 0.2881 1.00765 2.52 
0.3101 0.2242 1.04289 10.41 0.3032 0.4202 0.98161 2.23 
0.7408 0.1179 1.02863 3.58 0.7083 0.2007 0.96843 1.42 
0.3044 0.2002 1.04831 11.45 0.6015 0.2484 0.97936 1.74 
0.1068 0.4124 1.01294 8.57 0.6986 0.2507 0.93461 1.25 
0.6879 0.2635 0.93613 1.64 0.3486 0.1191 1.04378 3.64 
0.8465 0.1044 0.98908 1.60 0.1385 0.3790 1.01934 3.30 

 
T = 343.15 K 

0.4047 0.2995 1.00275 4.20 0.4040 0.2881 0.99726 2.02 
0.3101 0.2242 1.03347 7.22 0.3032 0.4202 0.97104 1.77 
0.7408 0.1179 1.01758 2.49 0.7083 0.2007 0.95695 1.08 
0.3044 0.2002 1.03896 7.86 0.6015 0.2484 0.96821 1.34 
0.1068 0.4124 1.00337 6.09 0.6986 0.2507 0.92234 0.94 
0.6879 0.2635 0.92367 1.19 0.3486 0.1191 1.03382 2.85 
0.8465 0.1044 0.97774 1.15 0.1385 0.3790 1.00932 2.63 

a Standard uncertainties u are u(T) = 0.003, u(x) = 5E-05, u( ρ ) = 1E-05 and the relative 

standard uncertainty ur in ur(η ) = 0.0035. 
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Table A.3.4. Experimental densities �  and dynamic viscosities �  of the ternary system (

1x water + 2x ethanol + 1-( 1x + 2x )EG) at several temperaturesa. 

  
ρ 3g cm−� �� �  η  [ ]mPa s  

  T [K] T [K] 

1x  2x  298.15 308.15 318.15 328.15 298.15 308.15 318.15 328.15 

0.4024 0.2725 0.98438 0.97668 0.96882 0.96078 4.578 3.383 2.566 2.005 
0.8369 0.1135 0.97758 0.97123 0.96445 0.95729 2.375 1.731 1.317 1.030 
0.7015 0.2350 0.94283 0.93501 0.92695 0.91861 2.755 2.006 1.514 1.192 
0.7496 0.0969 1.01146 1.00478 0.99779 0.99051 3.165 2.322 1.769 1.387 
0.6972 0.1921 0.96895 0.96144 0.95368 0.94565 3.056 2.239 1.690 1.324 
0.6064 0.2391 0.96407 0.95631 0.94834 0.94014 3.334 2.464 1.872 1.472 
0.3099 0.2050 1.02378 1.01634 1.00876 1.00104 6.530 4.662 3.495 2.700 
0.5988 0.2058 0.98327 0.97570 0.96791 0.95990 3.691 2.708 2.058 1.612 
0.5101 0.2408 0.98186 0.97418 0.96632 0.95825 4.055 2.987 2.273 1.779 
0.6944 0.1130 1.01822 1.01133 1.00419 0.99679 3.584 2.627 1.999 1.565 
0.6172 0.1056 1.03042 1.02334 1.01605 1.00854 4.458 3.247 2.463 1.913 
0.7674 0.1960 0.94708 0.93955 0.93173 0.92362 2.562 1.854 1.398 1.090 
0.2892 0.2887 0.99282 0.98518 0.97739 0.96945 5.307 3.902 2.956 2.299 
0.8011 0.1000 0.99703 0.99059 0.98379 0.97664 2.688 1.974 1.504 1.184 
0.1074 0.4050 0.97171 0.96396 0.95610  5.121 3.778 2.892  
0.2766 0.4220 0.94218    3.726    
0.1097 0.5862 0.90768       3.033    
0.4213 0.4769 0.89154       2.460    
0.2107 0.6868 0.85146       1.945    
0.3126 0.4726 0.91549       3.035    
0.5023 0.2981 0.95601       3.533    
0.5076 0.3919 0.90958       2.659    
0.1130 0.6858 0.87165       2.257    
0.7919 0.0490 1.03009       2.897    
0.1998 0.5973 0.88887       2.553    
0.3940 0.4086 0.92694       3.166    
0.1025 0.4945 0.94117       3.925    
0.2997 0.5938 0.86859       2.196    
0.1177 0.7891 0.83374       1.677    
0.0010 0.9071 0.81674       1.432    
0.0010 0.7826 0.85881       2.017    
0.0009 0.6667 0.89753       2.789    
0.0009 0.5990 0.91981       3.333    
0.0009 0.4943 0.95424       4.471    

a Standard uncertainties u are u(T) = 0.003, u(x) = 5E-05, u(�m) = 1E-05 and the relative 
standard uncertainty ur in ur(�m) = 0.0044. 
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Table A.3.5. Infinite molar conductivities 0Λ  [m2 S mol-1] of ionic liquids in water or 
ethanol*  

 IL in water IL in ethanol 

T [K] [emim][OAc] a b [emim][OAc] a b 

298.15 0.00789 0.3170 0.007649 0.00416 0.3175 0.009681 

303.15 0.00883 0.3171 0.008599 0.00456 0.3177 0.010960 

308.15 0.00978 0.3173 0.009556 0.00496 0.3179 0.012270 

313.15 0.01073 0.3174 0.010520 0.00537 0.3181 0.013600 

318.15 0.01168 0.3175 0.011500 0.00578 0.3183 0.014960 

323.15 0.01265 0.3176 0.012480 0.00620 0.3185 0.016340 

SSE 5.633E-08 1.662E-08 

T [K] [emim][DCA] a b [emim][DCA] a b 

298.15 0.00956 0.3173 0.009579 0.00502 0.3178 0.011620 

303.15 0.01064 0.3174 0.010680 0.00549 0.3180 0.013100 

308.15 0.01172 0.3176 0.011780 0.00598 0.3183 0.014610 

313.15 0.01282 0.3177 0.012900 0.00647 0.3185 0.016150 

318.15 0.01392 0.3192 0.014030 0.00697 0.3187 0.017720 

323.15 0.01502 0.3180 0.015170 0.00747 0.3190 0.019320 

SSE 3.369E-08 2.528E-08 

T [K] [emim][Cl] a b [emim][Cl] a b 

298.15 0.01193 0.3172 0.009756 0.00438 0.3178 0.011510 

303.15 0.01326 0.3174 0.010990 0.00479 0.3180 0.012890 

308.15 0.01460 0.3175 0.012240 0.00521 0.3182 0.014290 

313.15 0.01595 0.3177 0.013500 0.00563 0.3185 0.015710 

318.15 0.01730 0.3179 0.014770 0.00606 0.3187 0.017170 

323.15 0.01867 0.3180 0.016050 0.00650 0.3189 0.018650 
SSE 7.371E-08 2.941E-08 

* ( )0 0
a b CΛ = Λ − Λ + , where 1000 EC

C

σ� �
Λ = � 	


 �
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Table A.3.6.  Experimental surface tension for the system system ( 1x water + 2x ethanol + 

1-( 1x + 2x )EG) at around T = 298.15 [K]. 

 

 

 

 

 

 

 

Table A.3.7.  Experimental surface tension for the system system ( 1x water + 2x ethanol + 

1-( 1x + 2x )[emim][OAc]) at around T = 298.15 [K]. 

 

 

 

 

 

 

 

 

 

 

 

 

 

T [K] ± st x1 x2 � [mN m-1] ± st 
297.6 ± 0.06 0.1120 0.4246 28.23 ± 0.06 
297.2 ± 0.10 0.1853 0.6871 24.60 ± 0 
297.4 ± 0.06 0.4957 0.1970 32.63 ± 0.06 
297.3 ± 0.00 0.5773 0.3381 27.80 ± 0 
297.3 ± 0.00 0.6116 0.1236 35.83 ± 0.06 
297.3 ± 0.00 0.6508 0.2543 28.97 ± 0.06 
296.9 ± 0.25 0.7139 0.0027 43.00 ± 0.10 
297.1 ± 0.21 0.7154 0.0025 42.00 ± 0 
297.4 ± 0.10 0.7176 0.1002 36.70 ± 0 
297.2 ± 0.15 0.7574 0.0293 43.33 ± 0.21 

T [K] ± st x1 x2 � [mN m-1] ± st 
298.2 ± 0.06 0.8607 0.0671 32.23 ± 0.35 
298.9 ± 0.36 0.6972 0.2312 29.10 ± 0.00 
298.7 ± 0.25 0.8811 0.0350 40.60 ± 0.30 
298.8 ± 0.43 0.9111 0.0035 44.85 ± 0.97 
298.5 ± 0.17 0.7375 0.1646 31.50 ± 0.00 
298.8 ± 0.15 0.8061 0.0454 40.37 ± 0.21 
298.3 ± 0.06 0.7525 0.0942 36.37 ± 0.06 
298.5 ± 0.43 0.8478 0.0046 35.77 ± 0.31 
298.6 ± 0.15 0.6802 0.1552 33.50 ± 0.00 
298.2 ± 0.15 0.7797 0.0302 41.30 ± 0.20 
297.0 ± 0.15 0.1088 0.7030 27.50 ± 0.00 
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Table A.3.8.  Experimental surface tension for the system system ( 1x water + 2x ethanol + 

1-( 1x + 2x )[emim][DCA]) at around T = 298.15 [K]. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

T [K] ± st 
x1 x2 � [mN m-1] ± st  

298.3 ± 0.12 0.0023 0.8140 25.6 ± 0.06 
297.7 ± 0.10 0.0024 0.7947 26.1 ± 0 
297.2 ± 0.15 0.0026 0.7636 27.3 ± 0.15 
297.7 ± 0.06 0.0028 0.7342 28.3 ± 0.06 
297.1 ± 0.10 0.0202 0.7853 27.2 ± 0.15 
297.0 ± 0.21 0.1249 0.7953 24.6 ± 0 
297.8 ± 0.10 0.1328 0.7419 25.8 ± 0.10 
296.6 ± 0.15 0.1395 0.8216 23.9 ± 0.10 
298.5 ± 0.15 0.3418 0.6159 25.3 ± 0.10 
299.0 ± 0.17 0.4859 0.3737 30.7 ± 0.06 
298.5 ± 0.15 0.5391 0.3771 29.3 ± 0 
297.2 ± 0.10 0.7776 0.1194 40.9 ± 0.17 
296.7 ± 0 0.7866 0.1743 34.3 ± 0.06 
297.4 ± 0.10 0.7984 0.0853 45.3 ± 0.06 
297.7 ± 0.14 0.8211 0.0652 43.8 ± 0.17 
297.5 ± 0.06 0.8324 0.0830 44.3 ± 0.10 
299.1 ± 0.10 0.8335 0.1080 39.3 ± 0.21 
297.8 ± 0.13 0.8576 0.0307 46.1 ± 0.29 
297.6 ± 0.10 0.8611 0.1064 38.9 ± 0.06 
297.6 ± 0.06 0.8675 0.0674 45.9 ± 0 
297.8 ± 0.06 0.8722 0.0000 46.9 ± 0.21 
297.8 ± 0.08 0.8857 0.0125 53.0 ± 0.12 
297.3 ± 0.10 0.8912 0.0000 50.3 ± 0.15 
299.4 ± 0.25 0.8917 0.0865 40.1 ± 0.06 
298.1 ± 0.12 0.8944 0.0025 48.3 ± 0.31 
297.5 ± 0.06 0.9081 0.0000 49.8 ± 0.26 
297.4 ± 0 0.9215 0.0000 50.3 ± 0.21 
297.8 ± 0.21 0.9405 0.0259 49.2 ± 0.25 
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Table A.3.9.  Experimental surface tension for the system system ( 1x water + 2x ethanol + 

1-( 1x + 2x )[emim][Cl]) at around T = 298.15 [K]. 

 

 

 

 

 

 

 

 

 

 

 

Table A.6.1. Densities and dynamic viscosities of the ternary mixture toluene(1) – 
methylcyclohexane (2) - [hmim][TCB](3) at several temperatures.  

�� �� ρ 3g cm−� �� �  η [ ]mPa s  

T = 298.15 K 

0.6042 0.0251 0.9497 7.317 
0.4855 0.0439 0.9580 11.089 
0.0392 0.1279 0.9759 36.245 
0.2784 0.0859 0.9690 19.837 
0.0000 0.1074 0.9818 41.252 

T = 308.15 K 

0.6042 0.0251 0.9424 5.590 
0.4855 0.0439 0.9506 8.151 
0.0392 0.1279 0.9688 23.506 
0.2784 0.0859 0.9618 13.733 
0.0000 0.1074 0.9746 26.395 

T = 318.15 K 

0.6042 0.0251 0.9348 4.411 
0.4855 0.0439 0.9433 6.251 
0.0392 0.1279 0.9617 16.290 
0.2784 0.0859 0.9546 10.054 
0.0000 0.1074 0.9676 18.053 

T [K] ± st x1 x2 � [mN m-1] ± st 
298.0 ± 0.17 0.8553 0.0343 42.40 ± 0.36 
298.7 ± 0.26 0.8977 0.0037 50.73 ± 0.06 
296.8 ± 0.20 0.6163 0.2845 28.47 ± 0.06 
297.1 ± 0.15 0.8033 0.0968 36.77 ± 0.15 
297.4 ± 0.10 0.8969 0.0033 51.67 ± 0.21 
297.5 ± 0.15 0.7706 0.0535 38.17 ± 0.12 
297.1 ± 0.20 0.7167 0.0984 37.53 ± 0.06 
297.6 ± 0.06 0.8017 0.0081 54.97 ± 0.15 
297.4 ± 0.17 0.6577 0.1510 34.07 ± 0.06 
297.7 ± 0.17 0.7311 0.0475 45.83 ± 0.30 
296.6 ± 0.35 0.0967 0.6870 27.43 ± 0.06 
297.3 ± 0.20 0.1621 0.5689 29.13 ± 0.06 
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T = 328.15 K 

0.6042 0.0251 0.9274 3.596 
0.4855 0.0439 0.9359 4.953 
0.0392 0.1279 0.9546 11.857 
0.2784 0.0859 0.9475 7.698 
0.0000 0.1074 0.9605 13.040 

 

 

Parameter regression 

The Eyring-Patel-Teja model was used to correlate the experimental data. The model needs 

of parameters that are obtained by regressing experimental data and minimizing the relative 

difference between the experimental data and the calculated value. A Margules type mixing 

rule (chapter 2) in combination with the mentioned model are used to correlate de 

experimental data. The obtained parameters are given in table A.6.2. 

 

 

Table A.6.2. Interaction parameters ,i jl  of GM3 mixing rule in the Eyring-Patel-Teja 

model (Chapter 2). 
Interaction parameter GM2 

12l  0 

21l  0.8071 

13l  0.1462 

31l  0.0077 

23l  0.6531 

32l  -0.3519 
%ADD

a 2.54 

a 
exp

, , ,exp
1

 [%] 100
n

mix exp mix calc mix exp

i

ADD n ηη η
=

= −�  

 

Figure A.6.1 shows the experimental and regressed ternary dynamic viscosities as function 

of temperature. 



Appendices �

155 
�

295 300 305 310 315 320 325 330

0

10

20

30

40

50

 x
1
 = 0.6042; x

2
 = 0.0251

 x
1
 = 0.4855; x

2
 = 0.0439

 x1 = 0.0392; x2 = 0.1279

 x
1
 = 0.2784; x

2
 = 0.0859

 x1 = 0;          x2 = 0.1074

 Regressed
 

η
 [

m
P

a
 s

]

T [K]

 

Figure A.6.1. Regression of the experimental data of (�� toluene + ��  methylcyclohexane 
+ ��[hmim][TCB]) with the Eyring-Patel-Teja model using the GM3 type mixing rule 

between T = 298.15 K and T = 328.15 K. 
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