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Summary

The increasing interest in hydrogen as energy carrier is mainly due to its potential
to solve two major challenges confronting the world’s economy: how to achieve
energy independence while minimizing the environmental impact of the economic
activity. However, the benefit of a true hydrogen economy can only be achieved if
hydrogen is generated from a renewable and carbon neutral resource like biomass.
Aqueous phase reforming (APR) is an attractive alternative for producing highly
pure hydrogen from (bio)carbohydrates. Unlike the conventional gas phase re-
forming methods (e.g., steam reforming), APR takes place in liquid phase at mild
temperatures (ca. 200 ◦C), which confers it numerous advantages. These include
a lower energy input, a higher hydrogen purity, and a lower risk of feed decompo-
sition. Due to this advantages, APR is being widely explored, mainly within the
field of catalysis. Nevertheless, there are fewer studies on the reactor engineering
for this application. Thus, the aim of this thesis is to investigate possible reactor
configurations, with special focus on microreactor technology, for the production
of hydrogen via APR.

In Chapter 1, we elaborate on the current energy situation, and the need for alter-
native energy resources. The role of hydrogen in the energy picture is emphasized,
and a brief introduction to the field of biomass conversion, in particular through
APR, is provided. Finally, some basic concepts of (micro)reactor technology are
discussed, together with their relevance on the field of hydrogen production. This
chapter ends with the aims and outline of this thesis.

In Chapter 2, we describe a comprehensive three phase reactor model, validated by
experimental observations, which can aid reactor design for the maximization of
hydrogen productivity via APR. In this study, ethylene glycol was used as a model

ix



carbohydrate and Pt/γ-AL2O3 as catalyst. A clear inhibiting effect of hydrogen
pressure on the reforming rate was observed, while the yield to side products (i.e.
water soluble alcohols, and alkanes) slightly increases with increasing hydrogen
pressure. As outcome of this work, we concluded that a high mass transfer rate
of hydrogen from the catalyst surface to the gas phase renders higher hydrogen
yields. Thereby, we suggest that a microreactor configuration operated under the
Taylor flow regime using an inert gas as a hydrogen stripping agent will be bene-
ficial for the production of hydrogen by APR.

Single microchannel experiments were conducted as a first step towards the appli-
cation of microtechnology for hydorgen production via APR. Various methodolo-
gies to deposit a Pt/AlO(OH) catalyst layer on the walls of 320 µm internal diame-
ter (ID) fused silica single microchannel were evaluated and optimized in Chapter
3. The washcoated microchannels were thoroughly characterized and tested for
the production of hydrogen by APR of ethylene glycol. Optimum results were
achieved with a static washcoating technique, by means of which a highly uniform
and well adhered 5 µm 1.4 wt.% Pt/AlO(OH) layer was deposited on the walls
of a the microchannel reactor in one single step. During APR of ethylene glycol,
the catalyst layer showed a highly stable performance during 10 days after limited
initial deactivation. The washcoated microchannel reactor showed better perfor-
mance than a conventional fixed bed reactor under analogous reaction conditions.
Based on these results, we predicted a greater effect of the reactor configuration
when processing larger carbohydrates like sorbitol.

In Chapter 4 we extended our study to sorbitol as model carbohydrate. Sorbitol
exhibited higher proclivity to parallel -hydrogen consuming- reactions than ethy-
lene glycol, thus resulting in low selectivities towards hydrogen. In this study, APR
of sorbitol was conducted in a fixed bed reactor and in a 320 µm ID Pt/AlO(OH)
washcoated microchannel reactor operated under the Taylor flow regime. In both
cases nitrogen was used as a stripping agent. Analysis of the conversion, selec-
tivity and product distribution allowed us to conclude that the improved mass
transfer characteristics of the microchannel reactor were highly beneficial for the
selectivity of the reaction towards hydrogen, whereas the conversion of sorbitol
was unaffected by the reactor configuration.

To increase both the selectivity towards hydrogen and the overall reaction rate, in
Chapter 5 we report the use of a Pt-Ru/AlO(OH) washcoated microchannel re-
actor operated under the Taylor flow regime using nitrogen as stripping agent. In
a reference case with no nitrogen stripping, the bimetallic catalyst renders higher
reaction rate, but lower selectivity to hydrogen with respect to the monometallic
Pt/AlO(OH) washcoated microchannel reactor. By combining the benefits a more
active catalyst with those of the optimized reactor configuration, we were able to
simultaneously achieve greater conversions and higher hydrogen selectivities.
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In Chapter 6, we investigate the production of hydrogen by APR of sorbitol, used
as a model carbohydrate, and its in-situ consumption in the hydrogenolysis of the
remaining feed. This conversion is proposed as a one-step process for the selective
production of methane from low value aqueous carbohydrate streams. The con-
version is conducted in a fixed bed reactor using a physical mixture of Pt/C and
Ru/C, which catalyze the APR and the hydrogenolysis reactions, respectively. A
synergistic effect of the combination of these two catalysts results in the rapid
and highly selective conversion of the carbohydrate to methane at mild reaction
conditions with no need for external hydrogen supply. Exergy analysis reveals that
nearly 80% of the exergy of the reactant is recovered as methane.

In Chapter 7, we report the results of conducting APR of sorbitol in a hydropho-
bic carbon on alumina tubular membrane reactor with 3 mm ID and 4 nm pore
size. The hydrophobic membrane allows the hydrogen gas to permeate to the shell
side, while the liquid remains in the tube side. The hydrophobic character of the
membrane served to avoid the water loss through the membrane, and to minimize
the interaction between the ceramic support and water, thus reducing the risks of
membrane degradation upon operation. The membrane showed no change in pore
size after 48 hours of hydrothermal treatment under APR reaction conditions (220
◦C and 25 atm).The membrane was suitable to conduct APR, and resulted in an
increase in the hydrogen yield by a factor of 2.5 with respect to a reference reac-
tor with no membrane. Further improvement of the reactor performance can be
realized by decreasing the internal diameter of the reactor to a micro-scale level,
or by depositing the catalyst on the reactor walls (e.g. in a catalytic washcoated
microchannel).

Finally, the main conclusions of this thesis are summarized in Chapter 8.

xi





1
General Introduction

1.1 The energy challenge

1.1.1 Current situation

Questions concerning the energy availability for the mid to long term future have

been under debate during the last decades. Certainly the scarcity of fossil fuels con-

cerns a significant amount of the population, scientists and decision makers, while

others rely in a more optimistic scenario that predicts sufficient fossil resources

for at least a century, specially since shale gas entered in the energy picture [1–3].

What is not under debate, however, is that the current energy system threatens the

energy security of a significant portion of the world, and presents severe concerns

related to CO2 emissions. This situation has driven society towards the search for

new resources to minimize (and possibly eliminate) the share of fossil fuels in the

world’s energy consumption, which currently accounts for nearly three quarters.

Most modern societies have established ambitious policies to incorporate renew-

ables into the energy mix. For example, the European Union has set an EU-wide

binding target for renewable energy of at least 27% of the primary energy by 2030.

The latest statistics published by Eurostat recorded a share of renewables of 13%

in the gross final energy consumption in 2011. In addition to the shift from fossil

to renewable sources, measurements concerning energy efficiency have also been

established in order to reach a more sustainable energy practice [4, 5].
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2 General Introduction

1.1.2 Biomass as feedstock: (catalytic) biomass valorization

Together with other renewables sources of energy such as solar, wind, hydroelectric

and geothermal activity, biomass has the potential of substituting natural gas, oil

and coal for electricity, heat and transportation fuels. The use of biomass is par-

ticularly attractive since it is the only sustainable source of organic carbon, as well

as a significant source of renewable hydrogen [6]. For this reason, biomass has been

identified as a perfect equivalent to petroleum, not only as a source of energy, but

also to manufacture platform chemicals [7]. Besides its renewable nature, biomass

is geographically more evenly distributed than petroleum, and its utilization con-

siderably reduces the environmental stress concerning global warming since the

CO2 released during energy conversion is consumed during subsequent biomass

regrowth.

However, the use of biomass for the large scale applications is controversial. A

severe “food vs. fuel” debate arose as response to the drastic increase in the food

prices due to the use of edible biomass for energy purposes in 2007 and 2008. The

limited availability of agricultural land in several countries contrasted with the

demanding governmental targets to increase the share of renewables in the energy

mix. The replacement of classical forest lands for fuel-crops is also not a desired so-

lution since it causes severe deforestation, global warming and loss of biodiversity

[8]. Therefore, researchers were challenged to develop technologies to process more

abundant and cheaper non-edible biomass (lignocellulosic biomass), thereby per-

mitting a sustainable production of energy and chemicals without affecting food

supplies, nor forcing extensive changes in land use. Importantly, some of these

biomass fractions including forestry residues, biodegradable municipal solid waste,

organic fractions of industrial waste steams, manure, waste oils and fats can be

considered as residues [9, 10]. Thus, the conversion of non-edible biomass waste

to energy has the potential to confront the challenge of achieving energy inde-

pendence while minimizing environmental impact, reducing stress on other waste

management alternatives as well as contributing to the regional development of

rural areas. In this context, the concept of small/medium scale distributed energy

production vs. the traditional large scale centralized production concept has been

proposed as a key aspect in the transition towards a renewable based economy.

Lignocellulose is a polymeric material consisting of 40-50 % cellulose, a crys-

talline polymer of glucose units; 25-30 % hemicellulose, an amorphous polymer of
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Figure 1.1 – Current strategies for production of hydrogen and fuels from biomass
(adapted from [12]).

five different C5 and C6 sugars; and 25-30 % lignin, a three-dimensional polymer

of propyl-phenol that surrounds cellulose and hemicellulose. The complexity of the

lignocellulosic structure results in increasing processing costs with respect to that

of simpler and readily degradable edible biomass. There are two main approaches

to convert lignocellulose: (1) thermo-chemical transformation (e.g. gasification and

pyrolysis); and (2) depolymerization of solid biomass via acid/enzymatic hydroly-

sis to soluble sugar, followed by further aqueous-phase conversion to valuable fuels

and chemicals.

Thermo-chemical processes initially attracted significant attention due to the

possibility to make use of the entire organic matter of the biomass resource without

any previous depolymerization [11]. Nevertheless, intensive biomass pre-treatment

-including biomass drying- is required to increase the efficiency of these processes.

Besides, the high operation temperatures of thermo-chemical processes are gener-

ally associated with high costs and low selectivities. Therefore, this route is not

favorable for the production of value-added products on a medium/large scale.

On the other hand, the hydrolysis of biomass to form sugars is the first step

towards the selective formation of useful platform chemicals and fuels. Significant

research [6, 7, 13–15] has been directed towards the identification and optimiza-

tion of catalysts and process conditions to convert a diverse set of polysaccha-

rides (such as cellulose, hemicellulose, starch, inulin, and xylan) into simple sugars

(such as glucose, fructose and xylose), and further convert those into the so-called

platform molecules (i.e. key starting materials carefully selected by the USDOE



4 General Introduction

Figure 1.2 – Diagram of approximate pressure and temperature reaction conditions for
the catalytic processing of petroleum versus biomass-derived carbohydrates (reprinted
from [7]).

to focus most of the future research endeavors [16]). Unlike the nearly unfunc-

tionalized petroleum feeds, lignocellulose based compounds present a high degree

of oxygenated groups which makes them soluble in water, highly reactive (with

a tendency to decompose at high temperature) and low volatile. Thus, bio-based

compounds require different processing strategies than the conventional petroleum

based counter parts. While petroleum derivatives are typically processed at high

temperatures in gas phase, bio-based compounds are more suitable to be trans-

formed in aqueous phase at mild temperature. This approach results in more

selective conversion processes, reducing undesired reactivity that leads to coke

formation and loss of carbon, which typically occurs at elevated temperatures [6].

The increasing advances in the selective processing of bio-based carbohydrates

has given rise to the concept of biorefinary, which is a facility that integrates

biomass conversion processes and equipment to produce fuels, power and chemicals

from biomass. While the challenge of conventional petroleum-based fuel process-

ing lies on the selective functionalization of the initial feedstock, the challenge of

bio-based processing concerns the selective defunctionalization of the oxygenated

feed towards the desired final product, generally involving oxygen removal. In that

process, a wide range of chemical reactions may be involved, including hydrolysis,

dehydration, reforming, C-C/C-O hydrogenolysis, hydrogenation, aldol condensa-

tion, isomerization, selective oxidation, and water-gas-shift [7]. The present work

focuses on routes towards the production of hydrogen as desired product, the rel-
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Figure 1.3 – Current sources of hydrogen (adapted from [17]).

evance of which will be further discussed in the next section.

1.1.3 Renewable hydrogen

In 1970 the electrochemist John O’M. Bockris introduced the term “hydrogen

economy” in his speech at the General Motors Technical Center to refer to a hy-

pothetical energy system where hydrogen is used as energy storage carrier for end

users. Two of the major advantages of this system were: first, a much higher energy

conversion efficiency from chemical energy to electricity through fuel cells with re-

spect to internal combustion engines, the efficiency of which is restricted by the

Second Law of thermodynamics; and second, negligible emissions of pollutants at

the sites of end users. Duo to the -already discussed- problems related to the use

of fossil fuels, a third important advantage of the hydrogen economy has become

evident during the last decade. This is the possibility to obtain hydrogen from

multiple energy sources, including fossil (e.g. natural gas and coal) and renewable

resources (e.g. biomass, solar and wind energy). This is advantageous not only

because it reduces the dependence on fossil fuels, but also allows for a progressive

transition towards the so-called hydrogen economy, starting with the well estab-

lished fossil-based conversion routes, and moving to renewable-based processes as

they become more competitive. However, the benefits of a true hydrogen economy

can only be achieved if the hydrogen is derived from renewable and carbon neutral

resources.

As shown in Figure 1.3, most of the hydrogen produced today is originated
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from fossil resources, being natural gas the predominant feedstock, and steam re-

forming the preferred route for its conversion towards hydrogen (Reaction 1.1).

The contributions of partial oxidation of oil (Reaction 1.2), and coal gasification

(Reaction 1.3) are also remarkable. Besides relying on fossil resources, these routes

are very energy demanding (typically conducted at ca. 700-900 ◦C requiring va-

porization of the feed), or they render a low efficiency (by sacrificing part of the

hydrogen to provide the heat of the reaction). Furthermore, these reactions yield

large amounts of carbon monoxide, which is poisonous for the fuel cell catalyst.

Thus, the reaction mixture needs to undergo further water-gas shift reaction at a

much lower temperature (ca. 200-300 ◦C) in a separate reactor.

CH4 +H2O −−→ CO+ 3H2 (1.1)

CnHm + (n/2 )O2 −−→ nCO+ (m/2 )H2 (1.2)

C(s) + H2O −−→ CO+H2 (1.3)

CO + H2O −−→ CO2 +H2 (1.4)

The only renewable route with a significant contribution to the today’s total hy-

drogen production is water electrolysis (Reaction 1.5), which accounts for 4%. The

amount of hydrogen produced from biomass-derived feedstocks is minor, at less

than 1% of the total hydrogen production. Thus, it is not surprising that this

research area is of great interest.

H2O −−→ H2 + (1 /2 )O2 (1.5)

Figure 1.4 summarizes the possible routes for hydrogen production from biomass.

As discussed in the previous section, biomass can be converted via a thermochem-

ical route to form pyrolysis oil or syngas as intermediates, which can be further

converted to hydrogen by the conventional reforming methods and water-gas shift

reactions. However, these routes are energy demanding and often non-selective.
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Alternatively, the original biomass feedstock can be hydrolyzed in water phase at

mild conditions to form carbohydrates, which can be later converted to hydrogen

by means of several routes. As shown in Figure 1.4, the only route that achieves

high selectivity with low energy input is the initial hydrogenation of the carbohy-

drate to form a sugar alcohol, followed by aqueous phase reforming. This thesis

focuses on this pathway, which is further discussed in the following section.

The hydrogen economy has indeed become a clear intention in the energy

strategy of some countries, especially in terms of the transportation sector. For

example, in the US an important Energy Hydrogen Program was launched in 2003

by the DOE (Department of Energy) to address the challenges that must be solved

to bring the hypothetical hydrogen economy closer to reality. These challenges

include the achievement of a low-cost sustainable production of hydrogen, a safe

and high density hydrogen storage system, a safe and affordable infrastructure

for hydrogen distribution, and a durable and affordable fuel cell system. Among

these, the challenge related to the hydrogen storage is one of the most important,

and probably the cause that has prevented so far the commercialization of the

hydrogen fuel-cell as a hand-carried power source.

While the hydrogen economy is projected as a long-term plan, a short to mid

term strategy has also been proposed to make viable the transition from fossil
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to renewable hydrogen-based economy. In this transition, well established tech-

nologies such as steam reforming of methane would be adopted initially, to later

evolve towards more renewable sources (such as biomass) as the technology to

produce renewable hydrogen reaches the desired degree of development. Another

important aspect for the short to mid term strategy is the concept of distributed

hydrogen production in small/medium scale as an alternative to the conventional

large scale centralized production concept. The distributed production of hydrogen

reduces the need for storage and transportation of hydrogen, and minimizes the

requirements to build a new infrastructure. Hydrogen can be produced on-site/on-

demand from the available energy sources at the site of end users. For example, if

the primary energy source was a liquid stream of water soluble biocarbohydrates

(possibly from a waste stream of a neighboring industry), the infrastructure for

its storage and transportation can be significantly simplified.

Pending the technical development needed to completely benefit from the po-

tentials of hydrogen as a fuel for PEM fuel cells, renewable hydrogen can also be

used as a reactant in future bio-refineries (where large amounts of hydrogen are

required as reactant during biomass deoxygenation steps), or for traditional pur-

poses as chemical feedstock to minimize the environmental effects of the hydrogen

derived from fossil fuels. Currently, the global production of hydrogen is around

50 M tonnes/year, which is mostly used for ammonia synthesis, hydrogenation of

crude oil to produce petrol and diesel and hydrogenate edible oil.

1.2 Aqueous phase reforming

The use of biomass derived sugars (in particular glucose from the hydrolysis of

cellulose) for hydrogen production via steam reforming at 600 ◦C was initially

suggested by Antal et al. in the early 90’s [19]. Nevertheless, this route resulted

in high energy demands (due to the need to vaporize a hardly volatile feed), suf-

fered from important decomposition of glucose, and eventually yielded very low

amounts of hydrogen. Nearly a decade later, Dumesic and co-workers introduced

the so-called aqueous phase reforming (APR) reaction [20], which unlike the con-

ventional steam reforming, is conducted in liquid phase at mild conditions (i.e.

200-250 ◦C and 10-50 bar). By means of APR, Dumesic et al. were able to convert

biomass-derived carbohydrates with C:O ratio of 1:1 (e.g. methanol, ethylene gly-

col, glycerol, sorbitol and glucose) into hydrogen, CO and CO2 as main products
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using supported metal catalysts. Since the water-gas shift reaction is thermody-

namically favored at the same reaction conditions as those of APR, it is possible

to further oxidize the CO to CO2 in one single reaction step [21, 22]. Therefore,

the overall reaction for the complete APR of a generic carbohydrate CnH2yOn is:

CnH2yOn + nH2O −−→ nCO2 + (y + n)H2 (1.6)

The advantages of APR with respect to traditional gaseous phase reforming

reactions include a lower energy input (as there is no need to vaporize the feed),

a minimized CO production (which is ideal for fuel cell applications) and a lower

risk of feed decomposition [23]. Furthermore, downstream separation of the gaseous

products from the liquid reaction medium is facilitated with respect to a single

gas phase reaction. If hydrogen is produced on-site/on-demand via APR, the cost

and safety concerns regarding hydrogen transportation and storage are avoided by

the utilization of an energy dense, non-hazardous liquid fuel.

Due to its benefits, APR has received increasing attention in the literature

during the last decade. APR has proved to be an attractive technology to upgrade

industrial waste streams such as wastepaper [24], or the aqueous phase Fischer

Tropsch effluents [25]. The conversion of cellulose [26, 27] and other raw ligno-

cellulosic feedstocks via APR has been already demonstrated [28, 29], although

most of the research is being conducted on model compounds. Glycerol has gained

great attention [30, 31] due to its large availability from bio-diesel production [32].

Glucose is also attractive because it is abundant and inexpensive [33], although its

conversion to hydrogen leads to reduced selectivities with compared to its sugar

alcohol. Sorbitol and xiylitol [34–36] have been investigated as well, since they can

be easily obtained from the direct hydrogenation of glucose and xylose respectively.

Smaller model polyols like ethylene glycol and methanol have been subject of a

large amount of studies that aim at the fundamental understanding of APR.

Since the initial studies of Dumesic et al. [23], who unraveled the basics of

APR in terms of thermodynamic and kinetic considerations, the catalytic path-

way for APR has been generally explained via two main parallel routes, described

in Figure 1.5 for the case of ethylene glycol. The first one consists of the dehydro-

genation of the oxygenated hydrocarbon to form hydrogen and the corresponding

aldehyde, which then suffers cleavage of the C-C bonds via decarbonylation. Then,
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the CO formed reacts with water in the water gas shift reaction to produce CO2

and more hydrogen. The direct decarboxylation (instead of decarbonylation fol-

lowed by water-gas shift) has also been contemplated by some authors as a possible

route for CO2 formation. Subsequent methanation and Fischer-Tropsch type of re-

actions may also take place, resulting in the formation of light hydrocarbons. The

second route starts with the cleavage of the C-O bonds via dehydration of the

feed, followed by hydrogenation of the dehydrated intermediate using the hydro-

gen produced in the first route. Consecutive cycles of dehydration/hydrogenation

lead to alcohols (with OH/C<1) and eventually alkanes. Thus, a good catalyst for

the production of hydrogen by APR should combine a high activity in dehydro-

genation, C-C cleave and water-gas shift reactions, with a minor activity in C-O

cleavage and hydrogenation reactions.

A significant amount of research has been directed towards the identification

and optimization of successful catalytic systems to optimize the hydrogen produc-

tivity. Typically, APR catalysts are based on transition metals like Pt, Pd, Rh,

Ru, Ni and Cu, deposited as well dispersed nanoparticles on high surface area

solid supports such as alumina, silica or activated carbon. The effect of active

metal [21, 38] on activity, selectivity and stability have been extensively investi-

gated. Pt and Pd, for example, were found very selective towards formation of

hydrogen, while Ni, Ru and Rh were highly active in alkane formation. In general,

noble metals have shown greater stability than non-noble metals such as Ni and
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Co [38], which suffer important leaching and sintering under APR conditions. The

preferred and probably most studied active metal is Pt, since it shows optimum

activity in decarbonylation and water-gas shift. A number of bimetallic catalysts

have also been extensively explored [13, 39], being Pt-Re one of the most studied

[40–45]. These bimetallic systems have been reported to yield greater amounts of

hydrogen than the corresponding monometallic catalysts. The combination of Pt

and non-noble metals like Ni [46–48], Mo [49–51], Co, and Fe [52] has resulted in

a successful compromise between catalyst activity, stability and cost. In addition

to the active metal, the catalyst support plays an important role during APR

[38, 53–56]. The acidity of the support has also been correlated with the low ac-

tivity of supported catalysts, with the low selectivity towards hydrogen, and with

the catalyst deactivation [34, 57].

While APR has been widely explored from the field of catalysis, there are

fewer studies on the reactor engineering for this application. A number of publi-

cations dealt with the optimization of process conditions (e.g. temperature, flow

rate, etc.) [58], but to the extent of our knowledge, only a limited effort has been

put into the optimization of the reactor configuration. Unlike the conventional

gas phase reforming reactions in which only two phases are in contact (i.e. gas

reactants/products and a solid catalyst), APR constitutes a three-phase system

where liquid reactants are converted to gaseous products on the surface of a solid

catalyst. The introduction of the liquid phase has important implications on the

flow distribution, on the mass transfer rate of reactants and products across the in-

terfaces, and thus on the overall performance of the reactor in terms of production

of hydrogen and energy efficiency of the overall process.

1.3 Basic concepts of (micro)reactor technology

1.3.1 Gas-liquid-solid reactors

The successful implementation of sustainable processes relies not on the develop-

ment of efficient catalysts, but also on the development of reactor and separation

technologies that can render enhanced processing performance in terms of safety,

costs, and energy efficiency. Process intensification is a promising field that can

effectively confront the challenges of increasing the yields and the quality of a

desired product, while minimizing the energy consumption, the amount of waste
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streams, the equipment size and importantly, the environmental impact associated

with the traditional chemical industry [59]. In the strive towards more sustainable

production methods, the use of wall coated microchannel reactors has emerged as

a promising alternative to the conventional reactors for gas-liquid-solid catalytic

reactions like stirred tank slurry reactors, slurry bubble columns, and fixed bed

reactors.

In slurry reactors, the catalyst is usually in the form of small particles of 10-100

µm, which are suspended in the liquid by the fluid motion. While slurry reactors

usually operate in the absence of mass and heat transfer limitations, their major

disadvantage is the required separation of the catalyst from the reaction mixture

via a filtration step, which is costly and time consuming. Often, the reusability of

the catalyst is not even possible due to severe attrition during operation. Therefore,

this type of reactors is convenient for very fast and highly exothermic reactions

where the catalyst is relatively inexpensive, and has a short life span. This is not

the case of the production of hydrogen by APR, which is usually conducted over

a noble metal supported catalyst.

In fixed bed reactors, on the other hand, relatively large catalyst pellets or ex-

trudes of around 3-6 mm are packed as a stationary bed while the liquid and gas

streams flow either upwards or downwards, co-current or counter-currently. These

reactors fail to simultaneously minimize the pressure drop and the diffusional lim-

itations in the catalyst pores. Relatively large particle sizes and small liquid flow

rates are used in order to minimize the pressure drop, resulting in an ineffective

use of the catalyst. To overcome mass and heat transfer limitations, the majority

of industrial fixed bed reactors are packed with egg shell catalysts, reducing the

effective volume of the active catalyst. These reactors are usually applied for slow

reactions as they can easily operate with high catalyst loadings and large contact

times. Nevertheless, the use of fixed bed reactors is typically associated with flow

maldistribution like the development of stagnant liquid, dead zones and channel-

ing, which may give rise to high pressure drop, flooding, poor catalyst wetting, low

conversions, hot spots, runaways and sintering of the catalyst, etc. Furthermore, a

major drawback of these conventional multiphase reactors is their difficult scala-

bility [60, 61]. The design of one of these reactors requires concise knowledge about

its mass/heat transfer properties, which are highly dependent on the desired scale.

If the scale of production were to be changed, further investigation on the new

system would have to be conducted, thus making these reactors highly inflexible
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to the market demands.

The use of structured (micro)reactors where the catalyst is deposited as a thin

film of 1-10 µm thickness, for example, on the walls of a (micro)channel or on

the pores of a foam structure, present attractive solutions to the drawbacks of

conventional reactors. These structures allow for higher fluid flow rates with low

pressure drops and high diffusion rates, while suppressing the need for catalyst

separation and avoiding catalyst attrition [62]. Additionally, for multiphase op-

erations (e.g., gas-liquid-solid), these structures present high inter-facial surface

for mass transfer of reactants and products, which can remarkably increase not

only the overall reaction rate in case of fast reactions, but also the selectivity of a

desired intermediate product by making use of phase transfer separation [63, 64].

1.3.2 Microstructured reactors

The particular case of microchannel reactors has attracted significant attention

during the last decades as an outcome of the advancements in microfabrication

technology in the 1990’s [65–70]. Despite some disagreement concerning their ex-

act definition, the concept of microchannel reactor is usually referred to a reactor

composed of several channels with at least one of its characteristic dimensions

in the submillimeter range, typically around 0.1-1.0 mm. This reduction in size

results in a remarkable decrease of the linear diffusion path, and an increase of

the surface to volume ratio, which in turn renders rapid mixing, heat and mass

transfer. Besides accelerating the overall production process and allowing for fast

separation of products via inter-phase transfer, the reduced dimensions grant safer

operations with rapid and precise temperature control, eliminating radial tempera-

ture profiles, avoiding hot spots [71, 72], preventing ignition of explosive mixtures,

and minimizing the risks of thermal explosion [73, 74].

Microchannel reactors also benefit from an accurate control of the residence

time, especially when operated under the Taylor flow regime. Of the possible flow

regimes (Figure 1.6), the Taylor flow regime is one of the most stable [75–77], and

it consists of an alternating sequence of gas bubbles and liquid slugs that flow

through the channel as an ideal plug flow that prevents back mixing [78]. The

gas bubbles are longer than the channel diameter and a thin liquid film separates

the gas bubbles from the channel walls, where the catalyst is deposited [79, 80].

Provided there is a good affinity between the liquid and the washcoated walls of
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(a) (b) (c) (d) (e) (f ) (g) (h)

Figure 1.6 – Flow patterns in capillary channels. (a,b): bubbly flow, (c,d) Taylor flow
(also known as segmented or slug flow), (e) transitional slug/churn flow, (f) churn flow,
(g) film flow (downflow only), (h) annular flow (adapted from [75]).

the channel, this system offers an ideal wettability and a continuous renewal of

reactants on the catalyst surface [81].

Another important property of microchannel reactors is their modular nature.

In a microchannel reactor, each single microchannel constitutes a basic unit, which

combined in parallel with other microchannels forms a unit. Units are usually

grouped in stacks to form a devise, which can be interconnected with other de-

vises to constitute a full plant that performs as efficiently as the original single

microchannel basic unit. This can result in a remarkable decrease of the plant

size. The scalability of these systems is enormously simplified with respect to con-

ventional reactors since the lab-scale results of one single microchannel reactor

can be directly applied to larger production scales. Process intensification and the

miniaturization of these devises make it possible to build an entire process in a

mobile container which can be relocated according to the desired demand, thus

offering the chemical industry with a higher flexibility and reduced risks. This is

particularly important in the field of bio-fuels processing as these resources, un-

like fossil resources, are geographically dispersed and more evenly distributed. The

modularity and scalability of microreactors is also especially advantageous for the

distributed production of a hazardous chemicals such as hydrogen.

Due to its advantages, microreactors have attracted a great interest. Both in

academia and in industry microreactors have been found very advantageous for

high throughput experimentation, since an enormous amount of scientific investi-

gation can be conducted with the minimum investment in materials, energy and
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time. These reactors are ideal for measuring intrinsic kinetics (with no risks of

heat and mass transfer limitations) [82], and for operating with small inventories

of hazardous chemicals [83] or explosive mixtures [74]. Furthermore, microreactors

allow for a faster transfer of laboratory results to production, which renders faster

start-up of production at lower costs. Microchannel reactors have effectively inten-

sified processes in a number of areas such as specialty and fine chemical synthesis

[84–86], where the gains in mass/heat transfer rates, and the improvements in

the temperature and residence time control show a clear effect on the productiv-

ity and/or the quality of a high value chemical. Microchannel reactors have also

been identified as attractive fuel processors, as they are compact and lightweight

systems highly suitable for small scale portable applications. In fact, the use of

microreactors for distributed hydrogen production (usually via methanol steam

reforming) has been widely proposed as a key strategy in the plan towards the al-

ready mentioned “hydrogen economy” [87, 88]. Further discussion on microreactor

systems for hydrogen production is given in the next section.

Since the economy of scale does not apply to microchannel reactors, a major

drawback of these systems is the higher cost in manufacture and operation when

compared with conventional reactors at large scales. For this reason, microchannel

reactors are not suitable for the large scale production of inexpensive bulk chemi-
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cals. The commercial application of these devises is only justified when it brings a

clear benefit that counterbalances the unavoidable increase in costs. This has been

the case for a number of applications in the field of fuel processing, fine chemicals

synthesis, polymerization and sensors.

Until now, the industrial scale application of microreactor systems has been

mostly restricted to single phase reactions [89], such as catalytic gas-phase mi-

croreactors for fuel processing with thousand of parallel channels [90], or liquid

phase processors to a lesser extent in terms of number of chennels [91]. The even

distribution of a multiphase flow in parallel channels have been so far more chal-

lenging. Although the state of the art multiphase gas-liquid operations remain

mostly restricted to laboratory scale, promising results have recently been achieved

towards the successful numbering up gas-liquid reactors. Previous work conducted

at Eindhoven University of Technology has successfully addressed the technical

challenges of distributing gas and liquid flows in parallel microchannels by using

a barrier-based distributor [92–94]. Yet, the application of microchannel reactors

for heterogeneously catalyzed gas-liquid reactions highly depends on the develop-

ment of a reproducible methodology to deposit the catalytic layer on the walls of

microchannels. This layer usually consists of a porous support material (e.g. γ-

alumina or boehmite) that provides sufficient surface to deposit the active metal

(e.g. platinum). For a successful application, the catalytic layer should fulfill im-

portant requirements. Besides a high catalytic activity for the desired reaction,

the catalytic layer should be uniform, and importantly, it should be stable under

the specific reaction conditions. As microstructed reactors do now allow for easy

catalyst removal and reutilization, the condition of the catalyst stability stands

out as one of the most important.

1.3.3 Micro-structured reactors for hydrogen production

The relevance of the on-site/on-demand production of hydrogen [95] and the poten-

tials of microreactor technology to match such strategy [88, 96] have been widely

acknowledged. Several microreactor systems for hydrogen production have been

developed, mostly using steam reforming as the preferred conversion route. To

the extent of our knowledge, the use of APR for hydrogen production in a micro-

channel reactor had not been proposed in the open literature before this project

started. Thus, a brief review on the the microreactor systems for hydrogen pro-
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duction using conventional reforming methods are discussed in this section, with

special focus on the use of biofuels as feedstock.

(Bio-based) methanol is the fuel of choice for most of the small scale microre-

actors for hydrogen production due to its low processing temperature (ca. 200-400
◦C). Methanol is typically converted to hydrogen via steam reforming over a Cu-

based catalyst. In addition to the large amount of scientific publications dealing

with the study and optimization of the catalytic system [97–105], a number of re-

search groups around the world have developed integrated microreformer systems

including vaporizers, preheaters, heat exchangers, catalytic methanol reformer and

a catalytic combustor to supply the heat of the reaction. This is the case of the

microreformer developed at Battelle, Pacific Northwest Division, which was origi-

nally design for the conversion of methanol via steam reforming for subwatt (<1

W) power applications [106]. Second-generation designs of this microreformer in-

corporated a more efficient fuel processor, and a selective carbon monoxide metha-

nation reactor for CO cleanup [107]. Larger production scales (i.e. 15-100 W) have

been more recently achieved by scaling up Battelle microreactor technology [108].

Other examples of methanol microprocessors for larger scales (i.e. 15-100 W) are

those developed by: the Korea Institute of Energy Research, which so far includes

the vaporizer and the reformer with electric heating [109]; and Motorola, which

also contains a catalytic combustor [110]. Special mention is given to the Euro-

pean MiRTH-e project aimed at the development of a microreactor for hydrogen

production and electricity in the 20-100 W size using methanol steam reforming

[84, 111, 112]. As a contribution to the MiRTH-e, a unit for the preferential oxi-

dation of CO was earlier developed in this group [111]. An example of even larger

scale systems based on microtechnology (up to 500 W) is that developed by Pfiefer

et al. [113].

As an alternative to the use of methanol, dimethyl ether (DME) has attracted

some attention as hydrogen source because it can be obtained from a renewable

source via biomass gasification, and converted to hydrogen by initial hydrolysis to

methanol and further processing via conventional reforming methods. The use of

DME can be strategically convenient by using the existing infrastructure of liqui-

fied petroleum gas. DME is easily liquified, not corrosive, easy to handle, store

and transport, and less toxic than methanol itself. Nevertheless, the direct conver-

sion of DME to hydrogen suffers from undesired parallel decomposition reactions.

Although no studies have reported the use of microreactors for the production of
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hydrogen from DME, a few studies consider the use of structured monoliths for

this conversion via steam reforming [114], and auto-thermal reforming [115].

Due to the relatively recent advances in the production of ethanol from the

fermentation of biomass, its use as a fuel for hydrogen production has received

increasing attention. Nevertheless, the temperature required for this conversion is

higher than that of methanol reforming (ca. 700 ◦C). The use of microreactors

for ethanol reforming has been extensively reported, although the state of the art

remains at a more exploratory level, focused on issues such catalyst performance,

stability, and coatings methods. For example, researchers from IMM have studied

Ni, and Ni-Rh catalyst for the ethanol steam reforming in a microchannel reactor

[116], whereas in the group of Prof. Llorca at the Technical University of Catalonia

they focused on Co for the same reaction [117–119]. Pfiefer et al. at the Institute

for Micro Process Engineering (Karlsruhe) conducts the ethanol steam reforming

on a microchannel reactor using Rh-based catalyst [120], and the researchers from

CNRS and the University of Lyon have chosen Ir as a catalyst [121]. The use of

monoliths for ethanol autothermal reforming [122], and partial oxidation[123] has

also been considered.

The glycerol surplus from bio-diesel production has also been identified as an

attractive feedstock for hydrogen production. Although recent investigations high-

light the possibility to convert glycerol to hydrogen via APR at low temperatures

(ca. 200-250 ◦C), no reference has been found in the literature that considers the

use of microreactors for this application. On the other hand, the conversion of

glycerol to hydrogen via steam reforming at ca. 700 ◦C has been conducted in a

monolith configuration [124].

In addition to the use of alcohols as feedstocks, methane steam reforming is

another important route for hydrogen production. In fact, it is the most important

route for the large scale production of hydrogen. Although no reference has been

found concerning the direct use of biogas reforming in microreactors, significant

research has been focused on the steam reforming of methane in microchannel

reactors [125–127], technology that can be applied to biogas. Similarly, the use of

producer gas (gas mixture from biomass or coal gasification containing hydrogen,

carbon monoxide, carbon dioxide, water and methane) is in principle a possible

feedstock to produce hydrogen by a steam reforming. However, this conversion

route is challenging due to the presence of impurities and large amount of tars.

This process has been investigated in a monolith configuration [128].
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Finally, bio-diesel and bio-oils have also been contemplated as possible feed-

stocks for hydrogen production. Although bio-diesel reforming has rarely been

conducted in a structured reactor, California InnovaTek and Seattle BioFuels an-

nounced in 2006 the first successful production of hydrogen from biodiesel in a

microchannel steam reformer [129]. On the other hand, the steam reforming of bio-

oil model compounds such as acetic acid, ethylene glycol and acetone have been

conducted in monolith reactor, but significant coke formation has been reported

as the main drawback. Steam reforming of crude bio-oil is even more challenging

due to the presence of ca. 200-300) components in the mixture [130–132].

Despite the rapid advances in microstructured fuel processors for hydrogen

production, mainly via steam reforming, significant development needs to be con-

ducted for these systems to become viable. The high temperatures needed for

steam reforming result in low efficiencies, mainly attributed to thermal losses by

conduction through the walls of the tubes and piping, which are relatively large

with respect to the miniature reactor. The reduced operating temperature when

using methanol as a feedstock seems to have prevailed as one of the most im-

portant advantages, since it increases the overall efficiency and reduces the rate of

catalyst deactivation attained to Cu sintering. Still, catalyst deactivation has been

reported as one of the major drawbacks for methanol steam reforming [101, 105].

Furthermore, the vast majority of methanol microreformers lack the integration of

important units like vaporizers, combustors, and secondary reactors like water-gas-

shift and CO cleanup. The use of APR of biocarbohydrates can offer an optimum

alternative to the conventional steam reforming since it combines low operating

temperatures, and a reduced amount of secondary units (no need for vaporizer, nor

for water-gas shift and CO cleanup reactor). Furthermore, the use of low volatile

and non toxic liquid fuel is also advantageous with respect to the use of methanol

in terms of storage and transportation. On the other hand, APR necessitates

higher pressures and incorporates a second phase to the reaction mixture which

may eventually result in inter-phase mass transfer limitations. Since microreac-

tors more easily accommodate high pressures, and offer improved mass transfer

characteristics than larger reactors, a microchannel reactor for the conversion of

biocarbohydrates via APR is herein considered as an attractive alternative for the

distributed production of hydrogen.



20 General Introduction

1.3.4 Membrane reactors for hydrogen production

Another important trend in the field of hydrogen production by conventional gas

phase reforming methods is the incorporation of membranes. The integration of

production and in-situ separation of hydrogen can strongly increase the yields by

shifting the equilibrium towards the formation of hydrogen and carbon dioxide,

and by avoiding by-product formation. Furthermore, the use of a membrane is also

advantageous as it reduces the formation of carbon monoxide, thus minimizing

the need for secondary units for CO cleanup. To the extent of our knowledge,

the utilization of a membrane reactor for aqueous phase reforming has not yet

been dealt with in the open literature. Therefore, previous research on membrane

reactors for conventional steam reforming is briefly summarized in this section.

As conventional reforming pathways require high temperatures and thus highly

reactive mediums, inorganic membranes are preferred due to their chemical and

thermal stability compared to those of their organic counterparts [133, 134]. Within

the inorganic membranes, Pd-based dense membranes (mostly deposited as a layer

on a porous support) are the preferred option due to their excellence in terms of

hydrogen selectivity [135–138], which is essential when hydrogen needs to be sep-

arated from a gaseous reaction medium. In the case of methanol steam reforming,

the used of Pd-Ag membranes has been extensively studied due to their lower

operation temperature with respect to other Pd-based alloys. Still, the hydrogen

flux through the Pd-Ag membrane was found to be the limiting step for the pro-

ductivity of hydrogen from methanol steam reforming [139]. The main drawback

of Pd membranes is their high cost [140], and the high sensitivity to poisoning and

embritttlement [133, 138]. Typically, these membranes require difficult and expen-

sive manufacture procedures in order to show sufficient stability and hydrogen flux

[133, 138].

Porous ceramic membranes are also an attractive alternative for the separation

of hydrogen [138, 141]. When used to separate hydrogen from a gas mixture, they

present higher fluxes of hydrogen but lower selectivities with respect to other gases

than Pd-membranes. Yet, porous ceramic membranes can be suitable to selectively

separate a hydrogen-rich gas stream from a liquid medium. They are chemically

and thermally stable [133], and their manufacture is relatively inexpensive [141].

However, they typically present low hydrothermal stability, thus hindering their

successful application in reactions that take place in a humid environment like
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steam reforming. Several studies attempted to minimize the interaction of water

molecules with the functional groups at the surface of the membrane (e.g. hydroxyl

groups in the case of silica membranes) in order to increase their hydrothermal

stability during prolonged exposure to humidity at high temperature. Metal doping

(e.g. with cobalt [142]) and hydrophobization of the surface (e.g. by silanation

[143–145] or addition of carbonized templates [146]) have proved to be successful

approaches. Alternatively, the use of carbon membranes for hydrogen separation

has been proposed as well [134, 138]. Their manufacture is relatively easy and

inexpensive, while they preserve an excellent stability upon exposure to heat and

humidity [147–149].

The incorporation of membrane technology to microreactors for the production

of hydrogen via steam reforming has been considered by some research groups.

For example, researchers at Lehigh University have developed a methanol steam

reformer with a Pd-based membrane which is designed for small scale applications

such as laptops and cell phones [150]. More recently, researchers at the Imperial

College of London have made significant progress using hollow fibers a base for a

Pd-Ag membrane microreactor o produce hydrogen by steam reforming [151–153].

1.4 Aim and outline of the thesis

This thesis deals with the production of hydrogen by APR of bio-based carbohy-

drates. While APR has been widely explored within the field of catalysis, there

are fewer studies on the reactor engineering for this application. To the extent

of our knowledge, only a limited effort has been put into the optimization of the

reactor configuration. Thus, the aim of this thesis is to investigate possible reactor

configurations, with special focus on microchannel and membrane reactors, for the

production of hydrogen via APR.

In Chapter 2 we describe a comprehensive three phase reactor model that can

aid reactor design for the maximization of hydrogen productivity via APR. The

model is validated by experimental observations conducting APR in a packed bed

reactor using ethylene glycol as model compound and commercial Pt/γ-Al2O3 as

catalyst. As outcome of this work, we concluded that a high mass transfer rate

of hydrogen from the catalyst surface to the gas phase renders higher hydrogen

yields. For that reason, we believe that a microreactor configuration operated un-
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der the Taylor flow regime using an inert gas as a hydrogen stripping agent will

be beneficial for the production of hydrogen by APR.

Various methodologies to deposit a Pt-based catalyst layer on the walls of 320

µm ID, fused silica single microchannel were evaluated and optimized in Chap-

ter 3. The various washcoated microchannels were thoroughly characterized and

tested for the production of hydrogen by APR of ethylene glycol, used in this

work as a model compound. Special attention was paid to the stability of the

catalytic layers deposited on the microchannel walls during APR. The optimized

washcoated microchannel reactor showed better performance than a conventional

fixed bed reactor under analogous reaction conditions. Based on these results, we

predicted an even greater effect of the reactor configuration when processing larger

carbohydrates like sorbitol.

In Chapter 4 we extended our study to sorbitol as another model compound

derived from the cellulose fraction of biomass. APR of sorbitol was conducted in

a fixed bed reactor and in washcoated microchannel reactor operated under the

Taylor flow regime. In both cases, nitrogen was used as a stripping agent. Analy-

sis of the conversion, selectivity and product distribution allowed us to conclude

that the improved mass transfer characteristics of the microchannel reactor were

highly beneficial for the selectivity of the reaction towards hydrogen, whereas the

conversion of sorbitol was unaffected by the reactor configuration.

In order to increase both the selectivity towards hydrogen and the overall reaction

rate, in Chapter 5 we report the use of a Pt-Ru/AlO(OH) washcoated micro-

channel reactor operated under the Taylor flow regime using nitrogen as stripping

agent. In a reference case with no nitrogen stripping, the bimetallic catalyst re-

sults in higher reaction rate, but lower selectivity to hydrogen with respect to the

monometallic Pt/AlO(OH) washcoated microchannel reactor. By combining the

benefits a more active catalyst with those of the optimized reactor configuration,

we were able to simultaneously achieve greater conversions and higher hydrogen

selectivities.

In Chapter 6 we investigate the production of hydrogen by APR of sorbitol

as a model carbohydrate, and its in-situ consumption in the hydrogenolysis of
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the remaining sorbitol towards methane. The conversion is conducted in a fixed

bed reactor using a physical mixture of Pt/C and Ru/C, which catalyze the APR

and the hydrogenolysis reactions, respectively. A synergistic effect of the combina-

tion of these two catalysts results in the rapid and highly selective conversion of

the carbohydrate to methane at mild reaction conditions with no need for exter-

nal hydrogen supply. This process is proposed to upgrade low value carbohydrate

streams to a valuable fuel that can be directly implemented in the existing natural

gas infrastructure.

In Chapter 7 we report the results of conducting APR of sorbitol in a hydropho-

bic carbon on alumina tubular membrane reactor that allows the hydrogen gas to

permeate to the shell side, while the liquid remains in the tube side. In this chapter,

the membrane preparation method is discussed, together with its detailed charac-

terization in terms of pore size, membrane thickness, hydrophobic nature, stability

under APR conditions, and permeability of hydrogen in dry and humid conditions

at various temperatures and pressures. The membrane reactor was tested during

APR and its performance was compared to that of a reference fixed bed reactor

(with no membrane) under analogous conditions. It was concluded that removal of

hydrogen through the membrane prevents its consumption in undesired reactions.

In Chapter 8, the main conclusions of this thesis are summarized and suggestions

for further research are discussed.





2
Aqueous Phase Reforming of Ethylene Glycol:

Experiments and Modeling

This chapter has been adapted from: Neira D’Angelo, M. F., Van der Schaaf, J., Schouten,
J. C., ,& Nijhuis, T. A. (2014) Three-phase reactor model for the aqueous phase reforming
of ethylene glycol. Industrial & Engineering Chemistry Research, accepted.

Abstract

Using both experiments and modeling it is shown how an optimal reactor design is ben-
eficial for the production of hydrogen via aqueous phase reforming of ethylene glycol.
The experiments reveal an inhibiting effect of hydrogen pressure on the reforming rate,
while the yield to side products slightly increases with increasing hydrogen pressure. The
addition of nitrogen as an inert gas results in a decrease of this inhibiting effect due to
a decrease of the hydrogen pressure in the gas phase and to an increase in the liquid-gas
mass transfer rate. We have developed a comprehensive reactor model that successfully
predicts the experimental observation at lower residence times (and low hydrogen pres-
sures) but overestimates the actual hydrogen yields at higher residence times. According
to this model, a high mass transfer from the active sites to the gas phase aids hydrogen
removal from the catalyst surface and results in a remarkable increase of the hydrogen
yield. The addition of nitrogen as stripping gas is also beneficial. The model predicts a
sharp decrease of the hydrogen yield as the pressure increases, while nitrogen co-feeding
reduces such effect. The addition of nitrogen is an effective approach to reduce the in-
hibiting effect of hydrogen, even though the increase of TOFH2

levels off as the gas to
liquid ratio increases. From a reactor engineering point of view, the increase of the mass
transfer rate is an even more attractive approach. This can be achieved, for example, in
a microchannel reactor within the Taylor flow regime.
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2.1 Introduction

In the field of energy conversion, the focus is turning towards sustainable resources

[154]. In this context, hydrogen as energy carrier plays an important role since it

can be produced from a wide variety of feedstocks [155], and efficiently converted

to electricity in a PEM fuel cell [156]. Nevertheless, current technologies to produce

hydrogen (e.g., steam reforming or gasification) are highly energy demanding [157,

158].

Alternatively, the production of hydrogen via aqueous phase reforming (APR)

of bio-carbohydrates [20] requires lower operation temperatures and therefore re-

sults in energy savings [23]. In addition, this process produces less tars and CO

than conventional high temperature techniques that convert biofeeds to hydro-

gen [159]. Thus, the performance of the reforming process is increased, and the

gas produced via APR requires less conditioning and separation steps than that

produced via steam reforming or gasification [7, 12].

Because of its benefits, APR has been receiving increased attention in the

literature during the past decade. The earliest studies on APR were conducted

by the group of Dumesic [20, 22], who unraveled the basics of APR in terms of

thermodynamic and kinetic considerations, as well as the effect of catalyst type,

reaction conditions and nature of the feed [21, 23]. Until now, most of the research

has focused on the identification and optimization of successful catalytic systems

to optimize the hydrogen productivities. The effect of active metal and catalyst

support on activity, stability and product distribution has been extensively inves-

tigated [38]. During the last years, the focus is shifting towards bimetallic catalysts

[13, 39], with special attention on the incorporation of non-noble metals [46–48].

While APR has been widely explored from the field of catalysis, there are

fewer studies on the reactor engineering for this application. Several publications

have addressed the optimization of process conditions (e.g., temperature, flow rate,

etc.) [58], but to the best of our knowledge, only a limited effort has been put into

the optimization of the reactor configuration. In our previous publication [160],

we proved that tuning the reactor configuration by improving the mass transfer

properties (i.e., a microchannel reactor) resulted in a significant increase in the

yield of hydrogen during APR.

In this work, we describe a comprehensive mathematical model that can aid

reactor design for the maximization of the hydrogen productivity via APR. This
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model provides a fundamental explanation of our experimental observations, and

it serves as a tool to predict potential improvements beyond the limits of experi-

mentation. The objective of this work is to use reactor modeling to identify where

mass transfer effects play a role in the overall performance of this reaction. The

model includes both reaction kinetics and interfacial mass transfer of reactants

and products. Pending the detailed modeling of this reaction and the accurate de-

termination of the kinetic parameters, which is outside the scope of this work, we

have used existing kinetic modeling [161, 162] with experimentally fitted kinetic

parameters. The model is validated by experimental observations conducting APR

of ethylene glycol (Reaction 2.1) in a packed bed reactor using Pt/γ-Al2O3 as a

catalyst:

C2H6O2 + 2H2O −−⇀↽−− 2CO2 + 5H2 (2.1)

2.2 Reaction mechanism and kinetic rate expres-

sions

A possible reaction scheme for APR of ethylene glycol over Pt/Al2O3 has been pre-

viously proposed by Shabaker and co-workers [161]. This mechanism (Figure 2.1)

involves an initial dehydrogenation of ethylene glycol to form an adsorbed re-

action intermediate, followed by a rapid cleavage of the C-C bond. The resulting

adsorbed C1 species undergoes further dehydrogenation to form strongly adsorbed

CO, followed by the water-gas shift reaction towards weakly adsorbed CO2. Sub-

sequent production of alkanes from methanation and Fischer-Tropsch reactions is

thermodynamically favorable, but Pt is generally an ineffective catalyst for those

reactions. Parallel reaction pathways leading to alkanes involve dehydration and

hydrogenation reactions. This route leads to C-O bond cleavage and formation of

alkanes through aldehyde and alcohol intermediates via a bifunctional pathway

catalyzed by the acid support and the active metal.

The study of the reaction kinetics of APR of ethylene glycol over Pt/Al2O3

has been earlier conducted by Shabaker et al. [161], who derived the following rate



28 APR of Ethylene Glycol: Experiments & Modeling

CH3

OH

OH

OH

CH3

OH

CH3CH3

H
2
O

H
2

CH4

Ethylene Glycol
Dehydrogena!on, C-C cleavage 

H
2

CO
2

Dehydra!on

Hydrogena!on

H
2

Adsorbed 

C1-oxygenate
Water-gas shi"

[ ][ ]
H
2
O

H
2

H
2

H
2

(alkane precursors)

H
2
O

H
2

C-C cleavage 

Metal

M
e

ta
l/

S
u

p
p

o
rt

Figure 2.1 – Schematic reaction network for aqueous phase reforming of ethylene gly-
col (adapted from [37]). The reactions catalyzed by metal sites move toward the right,
whereas the bifunctional metal/support reactions move downward.

expression for the aqueous phase refroming of ethylene glycol:

r = krxnKEGPEG/

[
1+

√
KH2

PH2

(
1 +

krxnKEGPEG

kWGSKH2O
PH2O

)
+ ...

... +KEGPEG +
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PH2O√
KH2

PH2

]2

(2.2)

This expression was developed from the balance of vacant sites assuming a non-

reactive monodentate adsorption of ethylene glycol and a reactive bidentate ad-

sorption of water on the catalyst surface. This work also assumes that the reaction

proceeds via initial dehydrogenation of the adsorbed ethylene glycol, which would

be the rate limiting step, followed by a series of irreversible C-C cleavage reactions.

Although the rate expression is based on fundamental reaction steps, it cannot be

used easily as it contains a large number of kinetic parameters that require a great

effort to determine experimentally. On the other hand, a simpler rate expression

(e.g., a power law) provides less insight into the actual mechanism of the reaction

but is useful for reactor modeling since it is easier to accurately estimate a smaller

number of kinetic parameters.

In the work of Shabaker et al., the mechanistic model was qualitatively com-
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pared with empirical observations, which predicted a fractional order with respect

to the concentration of ethylene glycol in the feed (i.e., 0.4), and a negative or-

der with respect to the hydrogen pressure (i.e., -0.7). The authors concluded that

the empirical observations were consistent with the rate expression derived earlier

(Eq. 2.2). Both predict an inhibiting effect of hydrogen on the reforming rate,

which was attained to the blockage of surface sites by adsorbed hydrogen atoms.

Hydrogen could also inhibit the reaction rate by decreasing the surface concentra-

tion of reactive intermediates.

r ≈ k · C0.4
EG · P−0.7

H2
(2.3)

Based on this understanding, the catalytic activity of Pt-based catalysts can be

increased by increasing the number of vacant Pt sites. A desirable reactor design

would enable rapid removal of hydrogen from the Pt sites.

Notice that no rate expressions for the side reactions are provided in any of the

kinetic models. It cannot be ruled out that the inhibiting effect of hydrogen pres-

sure on the rate of hydrogen production might also be influenced by the increasing

rate of hydrogen consumption to form side products.

2.3 Experimental

2.3.1 Experimental set-up

The experimental setup is sketched in Figure 2.2. The reactor consists of a stainless

steel tubular reactor (10 cm long, 2.5 mm ID) with a catalytst bed of commer-

cial 5 wt.%Pt/γ-Al2O3 (Sigma-Aldrich) with a bed porosity of c.a. 0.3. This fixed

bed reactor (FBR) was placed inside an oven with circulating hot air that ensures

isothermal operation. Liquid feeding is provided by a syringe pump (Teledyne

ISCO 500D). The setup allows for co-feeding of a gas flow (nitrogen and/or hy-

drogen) provided by mass flow controllers (Bronkhorst) and pre-mixed with the

liquid flow before the reactor inlet in a Y-mixer (VICI Valco). Downstream, the

gas and liquid mixture is quenched and separated in a pressurized stainless steel

vessel with a connection for liquid sampling for subsequent off-line analysis (HPLC

Metacarb 67H, RI detector; GC Cp-sil5, FID detector). The composition of the

gas phase is monitored on-line by GC analysis (Poraplot/Molsieve 5A, TCD/ FID
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Figure 2.2 – Experimental setup for APR of ethylene glycol.

detectors). Argon is fed to the pressurized stainless steel vessel to ensure pressure

control, and as external standard to quantify the gas composition.

Before the catalytic test, the reactor was pre-heated until the reaction tem-

perature (i.e., 220 ◦C), followed by reduction of the catalyst during 2 h under

hydrogen flow. The reactor was pressurized with argon until the desired reaction

pressure and the catalyst was pre-wet by flowing a solution of ethylene glycol

(Sigma-Aldrich) in water. A series of catalytic runs was conducted by varying liq-

uid flow rates (i.e., 1.2-7.2 ml/h), the gas to liquid ratio at the reactor inlet (i.e.,

RGL=0-10 m3
gas/m

3
liquid), the composition of gas (i.e., 0-100 vol.% of H2 in N2)

and liquid streams (i.e., 5-10 wt.% of ethylene glycol in water) at the reactor inlet,

and the absolute pressure (i.e., 23-35 atm). The composition of gas and liquid at

the reactor outlet was used to determine the conversion of ethylene glycol and the

selectivity towards the main products.

2.3.2 Conversion, selectivity and yield

The following expressions were used to calculate the residence time (Eq. 2.4), con-

version of ethylene glycol (Eq. 2.5), the selectivity to hydrogen (Eq. 2.6), the yield

to hydrogen (Eq. 2.7), the yield to carbon products (Eq. 2.8), and the turnover

frequency of hydrogen (Eq. 2.9):

τ = NPt/FEG,in (2.4)

XEG = (FEG,in − FEG,out)/FEG,in × 100% (2.5)

SH2
= FH2

/(5× FEG,in ×XEG)× 100% (2.6)



2.4 Experimental results and discussion 31

YH2
= XEG × SH2

/100 (2.7)

YC,i = FC,i/(2× FEG,in)× 100% (2.8)

TOFH2
= FH2

/NPt (2.9)

where NPt is the catalyst loading in moles of Pt, FEG,in and FEG,out are the molar

flows of ethylene glycol in the liquid phase at the inlet and outlet, respectively,

FH2
is the molar flow of hydrogen produced, and FC,i is the molar flow of carbon

atoms in product i.

2.4 Experimental results and discussion

2.4.1 Mass transfer effects

The experiments conducted in this study were absent from external (liquid-solid)

mass transfer limitations. This was concluded after detecting equal conversion (i.e.,

XEG=10 %) in two experiments with equal residence time (i.e., τ=8 s·molPt/molEG)

but different catalyst loading (i.e., 1 vs. 3 mg Pt) and liquid flow rate (i.e.,

3 vs. 9 ml/h). If liquid-solid mass transfer limitations were present, the experi-

ment conducted with higher liquid flow rate would have resulted in higher con-

version. Intra-particle mass transfer limitations were also not present since the

catalytic activity was independent of catalyst particle size between 100 and 400

µm. The absence of external and internal mass transfer limitations was further

confirmed since both the Carberry (Ca = dp · robsw,p · ρAl2O3
/6 · kf · Cb = (4 ·

10−4m · 1.65 · 10−3mol/kgcats · 3950kg/m
3
)/(6 · 2 · 10−4m3/m2s · 871mol/m3) =

2.5 · 10−3 < 0.05/| n | = 0.05/2 = 2.5 · 10−2) and the Weisz-Prater criteria

(Φ = (ρAl2O3
·robsw,p ·d2p)/(36·De ·Cs)·(n+1)/2 = (3950kg/m

3 ·1.65·10−3mol/kgcats·
16·10−8m2)/(36·10−9m2/s·871mol/m3)·(2+1)/2 = 5·10−2 < 0.15) were satisfied.

2.4.2 Effect of residence time

Figure 2.3 shows the conversion of ethylene glycol and the yield of hydrogen as

a function of the residence time. As expected, the conversion of ethylene glycol

increases with the residence time, showing a leveling off of the conversion at larger

residence times. The behavior can be attributed to a positive effect of the reactant
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Figure 2.3 – Effect of residence time on the conversion of ethylene glycol and the yield
to hydrogen. Experiments conducted at 220 ◦C, 25 atm, 5.4 wt% ethylene glycol in water,
liquid flow rate: 1.2-7.2 ml/h, RGL= 0.6 m3

N2
/m3

liq, and 61.6 mg catalyst.

concentration on the reaction rate (positive reaction order), and/or an inhibiting

effect of the gaseous products on the reaction rate (negative reaction order), which

is consistent with the model of Shabaker et al.

The values of the hydrogen yield reveal that the conversion of ethylene glycol is

selective towards the formation of hydrogen. In the entire range of residence times

studied, the selectivity to hydrogen was between 78 and 90 %. The hydrogen

yield presented a more pronounced saturating tendency at large residence times

(i.e., τ > 30 s), indicating a decreasing trend of the selectivity to hydrogen as the

conversion increases. This is explained by undesired hydrogen consuming reactions,

which is consistent with the increasing yield towards side and consecutive products

(Figure 2.4).

The yield to carbon containing products as a function of the residence time

is displayed in Figure 2.4. The main product is CO2, which accounts for nearly

90% of the carbon produced. The maximum yield of CO2 reaches a value of ca. 25

%, similarly to that of hydrogen at the same residence time. This indicates that

hydrogen and CO2 are produced nearly in stoichiometric amounts.

Regarding the side/consecutive products, these are mainly C1 and C2 alkanes

in the gas phase, and methanol and ethanol in the liquid phase. Traces of C1 and

C2 acids and aldehydes were also detected. As shown in Figure 2.4, the major side

products are ethanol and methanol in the liquid phase. The product distribution
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is consistent with the reaction mechanism earlier suggested (Figure 2.1).

2.4.3 Effect of absolute pressure

As previously already observed by Shabaker et al. [161], our experimental results

also show that the absolute pressure has a negative effect on the hydrogen produc-

tion, which seems to level off as the pressure increases (Figure 2.5). In Shabaker’s

study the influence of absolute pressure on hydrogen yield was explained by the

increase of hydrogen partial pressure as the absolute pressure raises. Except for its

obvious link with partial pressure of gaseous products, the absolute pressure itself

should not present significant influence on the reforming rate. Since the produc-

tion of hydrogen is inhibited with increasing hydrogen pressure, the dependence

of hydrogen partial pressure on absolute pressure is not continuously increasing,

but it goes through a maximum. This counter-balancing effect can explain the

saturating trend of TOFH2
vs. absolute pressure.

The increase of the absolute pressure also results in a decrease of the gas

holdup, which hinders the mass transfer rate of the products from the catalysts

surface towards the gas phase. A limited mass transfer rate of hydrogen can cause

a decrease of the hydrogen production rate due to a higher concentration of this

component at the catalyst surface.
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Figure 2.5 – Effect of pressure. Experiments conducted at 220 ◦C, 23-35 atm., 5.4 wt%
ethylene glycol in water, liquid flow rate: 1.2 ml/h, 1 Nml/min N2, and 61.6 mg catalyst.

2.4.4 Effect of hydrogen pressure

To isolate the influence of hydrogen partial pressure on the hydrogen yield, we

conducted a series of experiments in which the hydrogen pressure was altered

by co-feeding increasing amounts of pure nitrogen, while keeping the absolute

pressure constant. The results are displayed in Figure 2.6, which shows that co-

feeding of nitrogen does indeed result in a decrease of the hydrogen pressure, which

is accompanied by an increase in the hydrogen yield. With respect to a reference

case with no nitrogen co-feeding, the yield to hydrogen increases from ca. 25%

to nearly 45% at the same residence time. The increase in hydrogen yield is a

combination of an increase of both conversion and selectivity.

Nevertheless, the increase of the nitrogen to liquid feed ratio may also be re-

sponsible for a change in the characteristics of the flow distribution inside the

reactor. In particular, the increase in gas holdup affects the gas to liquid interfa-

cial area, thus influencing the mass transfer properties of the multiphase reactor.

To further isolate the effect of hydrogen pressure, an additional set of experiments

was conducted with a constant gas to liquid ratio at the reactor inlet and constant

absolute pressure. This time, the hydrogen pressure was manipulated by co-feeding

hydrogen and nitrogen in different concentrations. The results, presented in Fig-

ure 2.7, confirm the inhibiting effect of hydrogen pressure on the hydrogen yield.

With respect to the previous experiments with increasing nitrogen to liquid ratio
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liquid ratio. Experiments conducted at 220 ◦C, 25 atm, 5.4 wt% ethylene glycol in water,
liquid flow rate: 1.2 ml/h, RGL= 4 m3

gas/m
3
liq, and 61.6 mg catalyst.
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Figure 2.8 – Effect of nitrogen and hydrogen co-feeding on the yield to all products at
constant gas to liquid ratio with τ = 58.8 s. Experiments conducted at 220 ◦C, 25 atm,
5.4 wt% ethylene glycol in water, liquid flow rate: 1.2 ml/h, RGL= 4 m3

gas/m
3
liq, and 61.6

mg catalyst.

(Figure 2.6), the decrease in hydrogen yield with increasing hydrogen pressure is

less significant when the gas holdup remains constant. In other words, in addition

to the effect of the hydrogen pressure, the gas to liquid ratio also plays a role on

the hydrogen yield since it influences the gas to liquid interfacial area and thus

the mass transfer rate of products towards the gas phase.

Figure 2.8 and Figure 2.9 show the influence of the hydrogen partial pressure

on the yield to hydrogen, and to the other products for 59 s and 5 wt%, and

76 s residence time and 10 wt% feed concentration, respectively. As discussed

earlier, both graphs show that the yield to hydrogen decreases with increasing

hydrogen pressure. On the other hand, the yield of side products only changes

to a small extent. The yield of liquid phase products increases, whereas that of

gas phase products slightly decreases with increasing hydrogen pressure. At larger

residence times and higher feed concentrations, these trends are significantly more

pronounced.

2.5 Model

The three-phase reactor model was developed using Athena Visual Studio. It in-

cludes the different physical and chemical steps that occur in the heterogeneously
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Figure 2.9 – Effect of nitrogen and hydrogen co-feeding on the yield to all products at
constant gas to liquid ratio with τ = 75.7 s. Experiments conducted at 220 ◦C, 25 atm,
10.8 wt% ethylene glycol in water, liquid flow rate: 1 ml/h, RGL= 4 m3

gas/m
3
liq, and 143.1

mg catalyst.

catalyzed reactions: (1) transport of liquid reactants to the solid phase, (2) chem-

ical reaction at the catalyst surface, (3) transport of the products from the ac-

tive sites to the liquid phase, and (4) transport of the dissolved gaseous products

through the bulk liquid to the gas phase. The reactor is assumed to be an ideal

fixed bed reactor where the catalyst remains fixed, while the gas and liquid phases

flow co-currently as a plug flow. It is assumed that there is no direct contact

between the gas phase and the catalyst surface, which is fully wetted by the liq-

uid phase. As confirmed by the experimental results, liquid-solid and intra-particle

mass transfer is not of significance, and therefore not included in the model. Under

APR reaction conditions, the ethylene glycol is only present in the liquid phase,

whereas the hydrogen and CO2 produced are initially transferred from the cata-

lyst surface to the liquid phase, and later on to the gas phase. The model focuses

on the production of hydrogen and CO2 as main products and assumes the rate

of formation of side products to be negligible. This is a reasonable assumption

given the low yields to side products detected during the experiments. The model

also assumes that the absolute pressure is constant along the catalyst bed (i.e.,

there is no significant pressure drop), and therefore the saturation concentrations

of hydrogen and CO2 are constant.
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2.5.1 Modeling equations

The modeling equations consist of:

Mole balances of ethylene glycol (EG) and gaseous products (p: hydrogen

and CO2) in the liquid phase:

dCliq
EG

dz
=

(−REG) · CPt

vl
(2.10)

dCliq
p

dz
=

Rp · CPt

vl
− (kL · a) · εL

vl
· (Cliq

p − Csat
p ) (2.11)

where the value of (kL · a) was varied in a range of 10−2 − 106 s−1, and the

rates of consumption and production of ethylene glycol and products, respec-

tively, are calculated as: (-REG)= r; and Rp=νp·r (with νp= 5 for hydrogen,

and νp= 2 for CO2. The reaction rate, r, is a function of the concentrations

of ethylene glycol and hydrogen at the catalysts surface, which are assumed

to be equal to those in the liquid phase (i.e., Cliq
EG and Cliq

H2
). In order to

estimate the reaction rate, two different rate expressions have been used: 1)

a power law rate expression;

r = kPL · (Cliq
EG)

nEG · (Cliq
H2

)nH2 (2.12)

and 2) a kinetic rate expression based on the model published by Shabaker

et al. (Eq. 2.2). Due to the high complexity of the Shabaker’s rate expres-

sion and the lack of available information concerning the value of the kinetic

parameters, the expression was reduced to:

r =
kShC

liq
EG[

1 +
√
K ′

H2
Cliq

H2
+K ′

EGC
liq
EG +

K′′
H2√
Cliq

H2

]2

(2.13)
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This simplification was done based upon the following assumptions :

1. KH2O
PH2O

is nearly constant, due to the highly diluted streams used

in this study.

2. krxnKEGPEG

kWGSKH2OPH2O
<< 1 due to the low reactant concentrations, and to

the fact that krxn << kWGS [161].

The kinetic parameters for both rate expressions were estimated by fitting

the model equations to the experimental data (see Table 2.1).

Mole balance of gaseous products and nitrogen in the the gas phase:

dF gas
p

dz
= (kL · a) · εL ·A · (Csat

p − Cliq
p ) (2.14)

F gas
N2

= P0 ·QN2,0
/RT0 (2.15)

with A=π/4 ·D2 = 4.9 · 10−6 m2

Overall mole balance in the gas phase:

F gas
T =

(
∑

F gas
p + F gas

N2
) · (PT − Pv)

PT
(2.16)

with Pv equal to the vapor pressure of pure water. According to Antoine

equation, at 220 ◦C, Pv = 2.3 · 106 Pa.

Calculation of partial pressure of products in the gas phase:

Pp =
F gas
p

F gas
T

· PT (2.17)

Calculation of the saturation concentration of gaseous products in the liquid

phase:

Csat
p =

Pp

mGL,p
(2.18)
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with mGL,H2
= 141.64 · 103 Pa·m3/mol [163], and mGL,CO2

= 8.58 · 103

Pa·m3/mol [164], at 220 ◦C.

Calculation of the catalyst concentration:

CPt =
Ld

MWPt
· ρAl2O3

1− εAl2O3

εAl2O3

(2.19)

with, Ld=0.05 gPt/gAl2O3
, MWPt= 195.09 g/mol, εAl2O3

= 0.4, and ρAl2O3
=

3.95 · 106 g/m3

Calculation of the liquid holdup:

εL =
vl

(vg + vl)
· (1− εS) (2.20)

where εS = 0.1.

vg =
Qg

A
; vl =

Ql

A
(2.21)

Qg =
F gas
T ·R · T

PT
(2.22)

2.5.2 Validation of the model

Table 2.1 shows the values of the kinetic parameters in the rate expressions shown

in Eq. 2.12 and in Eq. 2.13. These values were estimated using non-linear least

squares fitting of the experimental data. Simultaneous fitting of the three parame-

ters in the power law rate expression resulted in a set of values relatively insensitive

to the initial estimate. Nevertheless, the uncertainty in the reaction orders present

a significant effect on the value of kPL, which therefore has a broad confidence

interval. The correlation matrix indicates that kPL and nEG are highly correlated

(correlation factor larger than 0.9). When estimating simultaneously the four ki-

netic parameters in Eq. 2.13, the values of kSh and K ′
EG are robust, whereas the

values of K ′
H2

and K ′′
H2

show significant sensitivity to the initial estimate. For this
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Table 2.1 – Fitted[a] values of kinetic parameters with 95% confidence intervals.

Parameters in Eq. 2.12

k
[b]
PL (3.58± 18.9) · 10−11 mol

molPts

( m3
L

mol

)nEG+nH2

nEG 2.25 ± 0.82 -

nH2
-1.15± 0.57 -

R2 0.99721 -

Parameters in Eq. 2.13

k
[b]
Sh (2.66± 1.21) · 10−4 m3

L

molPts

K ′
EG (−3.28± 1.01) · 10−2 m3

L

mol

K ′
H2

(3.81± 0.53) · 103 m3
L

mol

K ′′
H2

6.68± 2.08
(
mol
m3

L

)0.5
R2 0.98297 -

[a] Non-linear least squares fitting of 11 experimental data sets. [b] At 220 ◦C.

reason, the fit of this set of values was performed in two steps: first, estimating

the values of kSh and K ′
EG; and second, estimating of the the values of K ′

H2
and

K ′′
H2

while maintaining kSh and K ′
EG fixed. The correlation matrix of this set of

values indicates that K ′
H2

and K ′′
H2

are strongly correlated. Importantly, the value

of K ′
H2

is two orders of magnitude larger than K ′′
H2

, which is consistent with a

negative reaction order with respect to hydrogen. On the other hand, the value

of K ′
EG is negative, which also suggests a reaction order with respect to ethylene

glycol larger than 1. This can be attributed to the consumption of this reactant

in parallel side reactions.

Figure 2.10 presents a comparison between the experimental values for the

TOFH2
at increasing residence time and those predicted by the model using the

two different rate expressions: 1) the power law rate expression (Eq. 2.12, black

dashed line); and 2) the simplified version of the kinetic rate expression published

by Shabaker et al. [161] (Eq. 2.13, gray dashed line). Both models agree with

the experimental observations in terms of the decreasing trend of the TOFH2
as

the residence time increases. The model based on Eq. 2.13 predicts well the ex-

perimental values of TOFH2
at lower residence times, but it does not agree with

the experimental observation at larger residence times. This can be attributed to

two reasons: 1) the product inhibition is under-estimated in the model, or 2) the

side/consecutive reactions consuming hydrogen (not included in the model) start

to play a more significant role at larger residence times, which is consistent with
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(Eq. 2.12); and 2) the simplified version of Shabaker et al.’s kinetic expression (Eq. 2.13)
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in water, liquid flow rate: 1.2-7.2 ml/h, RGL= 0.6 m3
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liq, and 61.6 mg catalyst.

the results earlier presented in Figure 2.3. We can account for the side product

formation by modeling these reactions as well. According to the product distribu-

tion and the reaction pathway earlier discussed, we may approximate the reaction

scheme as follows:

C2H6O2 +H2O
r1−→5H2 + 2CO2 (2.23a)

C2H6O2 +H2
r2−→ L + H2O (2.23b)

with L=CH4, C2H6, CH3OH, C2H5OH.

Therefore:

(−REG) = r1 + r2

RH2
= 5r1 − r2

RCO2
= 2r1

The values for the reaction rates r1 and r2 may be roughly estimated by consid-

ering the consumption rate of ethylene glycol (REG), and the production rate of
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Figure 2.11 – Reaction rates r1 and r2 as a function of the average hydrogen pressure.
Experiments conducted at 220 ◦C, 25 atm, 5.4 wt% ethylene glycol in water, liquid flow
rate: 1.2 ml/h, RGL= 4 m3

gas/m
3
liq, and 61.6 mg catalyst.

hydrogen and CO2 (RH2
and RCO2

, respectively) equal to:

(−REG) ≈ FEG,in − FEG,out

RH2
≈ FH2,in

− FH2,out

RCO2
≈ FCO2,out

Notice that this is only true for experiments conducted at differential conditions

(i.e., small conversions), which is not the case of this study. Nevertheless, this

approach can be used as an estimation and considered valid only for the sake of a

qualitative understanding of the most significant trends for the reaction rates as a

function of hydrogen pressures. Figure 2.11 shows the estimated values of r1 and

r2 as a function of hydrogen pressure. The reaction rate of secondary reactions, r2

is 5 times smaller than the main reforming rate, r1, for the experiments conducted.

As previously anticipated, the rate of side reactions increases as the pressure of

hydrogen increases. Thus, neglecting the rate of secondary reactions in the model is

a reasonable assumption, especially at low hydrogen pressures. The predictions of

the model could deviate from reality at larger residence times or at higher hydrogen

pressures than those explored in this study. Accounting for the rate of secondary

reactions would not alter the trends predicted by the model simulations, but it
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would predict an even greater inhibiting effect of hydrogen pressure on the overall

rate of hydrogen production. Therefore, the conclusions from the model simulations

remain valid at a qualitative level, regardless of the inaccuracies derived from the

simplifications of the model.

Figure 2.10 shows that the model based on the power law kinetics is in good

agreement with the experimental observations in the entire range of residence time

covered in this study. The effect of the secondary reactions is “lumped” in the same

rate expression by means of a larger order with respect to ethylene glycol, and a

greater inhibiting effect of the hydrogen pressure than those claimed by Shabaker

et al. Although the power law rate expression has less fundamental significance

than the one derived from the reaction mechanism, it is easier to accurately esti-

mate the kinetic parameters of this equation. Nevertheless, the use of power law

rate expressions is often associated with some limitations. For example, we may

overestimate the reaction rate at very low concentrations of hydrogen. For this

reason, it is important to limit the use of this expression to the range of condi-

tions within which the kinetic parameters have been estimated. Since it is our

intention to assess, at least at a qualitative level, the effect of hydrogen removal

(i.e., effectively reducing the hydrogen concentration) on the hydrogen production

rate, the simplified version of the rate expression published by Shabaker et al.

(i.e., Eq. 2.13) is used in this study regardless of the inaccuracies found at large

residence times/high hydrogen pressures. Since the extent of secondary reactions

during aqueous phase reforming of ethylene glycol is not as significant, reliable

qualitative conclusions can be still drawn from this simulations. Quantitative con-

clusions remain pending a proper estimation of the kinetic parameters, which lies

outside the scope of this work.

The model predictions for the TOFH2
as a function of pressure is compared with

the actual experimental results in Figure 2.12. The model predicts an asymptotic

behavior of the TOFH2
as the pressure reaches the vapor pressure of water at

the reaction temperature (P ≈ 23 atm.). Above that pressure, the TOFH2
suffers

a sharp decrease, which tends to level off at larger pressures (ca. 50 atm.). This

trend is in relatively good agreement with the experimental values.
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Figure 2.12 – Comparison of model prediction (using Eq. 2.13) and the experimental
observations of the TOFH2

as a function of absolute pressure during the aqueous phase
reforming of ethylene glycol at 220 ◦C, 5.4 wt% ethylene glycol in water, liquid flow rate:
1.2 ml/h, 1 Nml/min N2, and 61.6 mg catalyst.

2.5.3 Model predictions

An approach to limit the product inhibition is a combination of a low hydrogen

pressure (e.g., by adding a diluent) and a high mass transfer rate of the products

from the active sites to the gas phase (e.g., by tuning the reactor configuration

and the flow distribution). Experimentally, we have shown that the addition of

nitrogen benefits the rate of hydrogen production, both by decreasing the pressure

of hydrogen in the reactor, and by increasing the gas to liquid contact surface. The

beneficial effect of nitrogen co-feeding on the rate of hydrogen production is also

predicted by the model.

Figure 2.13 shows the predicted effect of the gas-liquid mass transfer coeffi-

cient (kL · a) on the TOFH2
for different nitrogen to liquid ratios at the reactor

inlet. Regardless of the amount of nitrogen co-fed, increasing the mass transfer

coefficients results in a remarkable increase of the TOFH2
. This is especially true

when the mass transfer coefficient increases from ca. 1 to ca. 100 s−1 (or 0.1 to 10

m3
L/m

3
Gs expressed as volumetric mass transfer coefficient per unit of gas volume).

These values for the mass transfer coefficient can be reached in microchannel re-

actors [75] and other novel reactor types like rotating foam stirrer reactors [165]

or spinning disk reactors [166, 167]. For even higher mass transfer coefficients the

TOFH2
does not increase any further, since the concentration of the gas and the
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Figure 2.13 – Effect of kL · a and RN2/liq
on the TOFH2

via aqueous phase reforming
of ethylene glycol at 220 ◦C, 25 atm, 5.4 wt% ethylene glycol in water, liquid flow rate:
1.2 ml/h, and 61.6 mg catalyst.

liquid rapidly reach equilibrium.

Concerning the effect of nitrogen co-feeding, Figure 2.13 shows that it is only

beneficial when the mass transfer of products to the gas phase is sufficiently fast

(i.e kL · a > 10 s-1). When the mass transfer rate is insufficient, the addition of

nitrogen only reduces the liquid holdup but does not decrease the concentration

of hydrogen at the catalyst surface.

The model prediction regarding the combined effect of absolute pressure and

nitrogen co-feeding on the TOFH2
is displayed in Figure 2.14. There is a clear

inhibiting effect of absolute pressure, which is less as the nitrogen flow rate in-

creases. Nevertheless, the effect of nitrogen co-feeding is minor at lower pressures,

and becomes increasingly more significant at higher pressures. This is shown in

Figure 2.15, where the ratio of the TOFH2
with nitrogen co-feeding to the TOFH2

without nitrogen co-feeding is plotted as a function of the absolute pressure for

several gas flow rates.

Figure 2.16 shows that the model, like previously observed experimentally,

predicts a saturating tendency of the TOFH2
as the gas flow rate increases.

According to the predictions of the model and the experimental observations, a

reactor with enhanced mass transfer characteristics will be beneficial for the rapid

removal of hydrogen from the active sites to the gas phase. Examples are micro-

channel reactors [75], spinning disk reactors [166, 167] or rotating foam stirring
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liq, respectively, when the pressure increases from

23 atm to 50 atm.
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during the aqueous phase reforming of ethylene
glycol at 220 ◦C, 25 atm, 5.4 wt% ethylene glycol in water, liquid flow rate: 1.2 ml/h,
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reactors [165]. The combination of a such reactor configuration with co-feeding

of a diluent gas is suitable to couple reaction and in-situ product removal (i.e.,

hydrogen stripping) to boost the production of hydrogen. This concept would be

compatible with the subsequent production of electricity in a fuel cell in which only

hydrogen (out of the hydrogen/nitrogen mixture) is consumed, and the resulting

hydrogen-free gas stream is reused in the reformer. Alternatively, a pervaporative

membrane reactor would be a suitable system for this application as hydrogen can

be produced by APR and simultaneously removed though the membrane with-

out the limitations of a co-current flow reactive stripper. In fact, we are currently

developing a membrane reactor for this application [168].

It is important to notice that the model predictions are considered valid in

a qualitative level. Quantitative predictions remain pending an accurate deter-

mination of the kinetic parameters. In particular, the model overestimates the

production of hydrogen at larger residence times since the rate of side -hydrogen

consuming- reactions was not incorporated in the model used herein. For that rea-

son, it is expected that the actual effect of in-situ hydrogen removal will be even

more beneficial than that predicted by this model. This modeling approach can be

also used to describe other reactor concepts, including for example the permeation

of hydrogen though a membrane.
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2.6 Conclusions

This work provides experimental and modeling evidence to the aid reactor design

for the aqueous phase reforming of ethylene glycol. The experimental observations

show that the conversion of ethylene glycol to hydrogen via APR proceeds with a

selectivity of ca. 90 %, which tends to decrease with increasing conversion due to

secondary -hydrogen consuming- reactions. A clear inhibiting effect of hydrogen

pressure on rate of reforming is evidenced by the experimental results, while the

yield to side products slightly increases with increasing hydrogen pressure. The

addition of nitrogen as an inert gas results in a decrease of such an inhibiting

effect of hydrogen pressure on the yield to hydrogen. This is due to a decrease

of the hydrogen pressure in the gas phase and to an increase of the gas-liquid

contact area (i.e., increase of liquid-gas mass transfer rate). A reactor model that

includes reaction kinetics (using existing kinetic modeling and experimentally fit-

ted kinetic parameters) and interfacial mass transfer of reactants and products

successfully predicts the experimental observation at lower residence times (when

the productivity of hydrogen is smaller), but overestimates the actual hydrogen

yields at higher residence times. This was attributed to an underestimation of the

inhibiting effect of hydrogen, and to the fact that the model does not consider side

reactions, which increasingly become more significant at larger reside times and

higher hydrogen pressures. Despite the inaccuracies of the predictions at higher

residence times, the model was considered valid to extrapolate qualitative infor-

mation concerning the effect of the gas-liquid mass transfer coefficient, absolute

pressure, and nitrogen to liquid flow ratio at the reactor inlet. According to this

model, a high mass transfer coefficient from the active sites to the gas phase would

aid hydrogen removal from the catalyst surface and would result in a remarkable

increase of the hydrogen yield. The addition of nitrogen as stripping gas is also

beneficial, although it must be coupled with a high mass transfer rate. Otherwise,

increasing the gas holdup only results in a decrease of the liquid holdup. As ob-

served experimentally, the model predicts a sharp decrease of the hydrogen yield as

the pressure increases, although nitrogen co-feeding reduces such effect. Increasing

the nitrogen to liquid flow ratio is more beneficial as the absolute pressure in-

creases. The addition of nitrogen is an effective approach to reduce the inhibiting

effect of hydrogen, but the increase of TOFH2
levels off as the gas to liquid ratio

increases. From a reactor engineering point of view, increasing the mass transfer
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rate is an even more interesting approach. This could be achieved, for example,

in a microchannel reactor with the Taylor flow regime where the gas-solid mass

transfer coefficient is enhanced [160].

Nomenclature

A: cross sectional area, m2

Ca: Carberry number

Cb: concentration in the bulk, mol/m3
L

Cliq
EG: concentration of ethylene glycol, mol/m3

L

Cliq
p : concentration of p in liquid,mol/m3

L

Csat
p : liquid saturation concentration of p, mol/m3

L

CPt: platinum concentration, mol/m3

Cs: concentration at catalyst surface, mol/m3
L

D: reactor diamater, m2

De: effective diffusion coefficient, m2/s

dp: catalyst particle diameter, m

FC,i: molar flow of carbon atoms in i, mol/s

FEG,in: inlet molar flow of ethylene glycol, mol/s

FEG,out: outlet molar flow of ethylene glycol, mol/s

FH2
: molar flow of hydrogen produced, mol/s

F gas
p : molar flow of p in the gas, mol/s

F gas
N2

: molar flow of nitrogen in the gas, mol/s

F gas
T : total molar flow in the gas, mol/s

(kL · a): gas-liquid mass transfer coefficient, s−1

kf : liquid-solid mass transfer coefficient, m3
L/m

2
Ss

Ld: platinum loading, gPt/gAl2O3

mGL,p: equilibrium constant of p, Pa·m3
L/mol

MWPt: platinum molecular weight, g/mol

n: reaction order

NPt: moles of active metal, moles Pt

P0: pressure under normal conditions, 1.013·105Pa
Pp: partial pressure of p, Pa

PT : absolute pressure, Pa

Pv: vapor pressure of water, Pa
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Qg: volumetric flow of gas, m3
G/s

Ql: volumetric flow of liquid, m3
L/s

QN2,0
: volumetric flow of nitrogen at inlet, Nm3/s

r: reaction rate, mol/molPts

R: ideal gas constant, J/molK

RGL: gas to liquid ratio at the reactor inlet

REG: production rate of ethylene glycol, mol/s

Rp: production rate of p, mol/s

robsw,p: observed specific reaction rate, mol/kgcats

SH2
: selectivity to hydrogen, %

T : reaction temperature, K

T0: temperature under normal conditions, 293 K

TOFH2
: turnover frequency of hydrogen, min−1

vg: gas superficial velocity, m/s

vl: liquid superficial velocity, m/s

XEG: conversion of ethylene glycol, %

YH2
: hydrogen yield, %

YC,i: yield to carbon containing product i, %

z: longitudinal direction, m

Greek letters

εAl2O3
: porosity of alumina support, m3

void/m
3
Al2O3

εL: liquid holdup, m3
L/m

3
R

εS : solid fraction, m3
S/m

3
R

ρAl2O3
: density of alumina support, g·cm−3

τ : residence time, s·molPt/molEG
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Development of a Pt-based Catalytic Coating

in a Microchannel Reactor for

Aqueous Phase Reforming of Ethylene Glycol

This chapter has been adapted from: Neira D’Angelo, M. F., Ordomsky, V., Paunovic,
V., Van der Schaaf, J., Schouten, J. C., & Nijhuis, T. A. (2013). Hydrogen Production
through Aqueous-Phase Reforming of Ethylene Glycol in a Washcoated Microchannel.
ChemSusChem, 6(9), 1708-16.

Abstract

Aqueous-phase reforming (APR) of biocarbohydrates is conducted in a catalytically sta-
ble washcoated microreactor where multiphase hydrogen removal enhances hydrogen effi-
ciency. Single microchannel experiments are conducted following a simplified model based
on the microreactor concept. A coating method to deposit a Pt-based catalyst on the
microchannel walls is selected and optimized. APR reactivity tests are performed by us-
ing ethylene glycol as the model compound. Optimum results are achieved with a static
washcoating technique; a highly uniform and well adhered 5 µm layer is deposited on
the walls of a 320 µm internal diameter (ID) microchannel in one single step. During
APR of ethylene glycol, the catalyst layer exhibits high stability over 10 days after lim-
ited initial deactivation. The microchannel presents higher conversion and selectivity to
hydrogen than a fixed-bed reactor. The benefits of using a microreactor for APR can be
further enhanced by utilizing increased Pt loadings, higher reaction temperatures, and
larger carbohydrates (e.g., glucose). The use of microtechnology for aqueous-phase re-
forming will allow for a great reduction in the reformer size, thus rendering it promising
for distributed hydrogen production.
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3.1 Introduction

Distributed hydrogen production will play a key role towards meeting the increas-

ingly demanding targets regarding fuel consumption and the reduction of environ-

mental pollution [95]. Hydrogen can be produced on site/on demand and can be

subsequently used in highly efficient devices for power generation, for example, in

Polymer Electrolyte Membrane (PEM) fuel cells [156]. The environmental bene-

fit is even greater when hydrogen is generated from a renewable source such as

biomass. Aqueous phase reforming (APR) is an attractive alternative for producing

highly pure hydrogen from (bio)carbohydrates [20, 161]. In APR (Reaction 3.1)

the hydrogen substrate in aqueous solution undergo a sequence of C-C and C-

H/O-H cleavage reactions followed by water gas shift (Reaction 3.2), leading to

the production of hydrogen and carbon dioxide as the main products.

CnH2yOn −−⇀↽−− nCO+ yH2 (3.1)

CO + H2O −−⇀↽−− CO2 +H2 (3.2)

These reactions take place in a single reactor in the presence of a catalyst (typ-

ically Pt/Al2O3) at mild conditions (ca. 200 ◦C and 25 bar). The advantages of

APR with respect to traditional gaseous phase reforming reactions include lower

energy inputs, minimized CO production, and reduced risk of feed decomposition

[23]. Furthermore, APR represents a possibility for waste valorization because it

can process water-soluble biocarbohydrates that are typically found in the waste

streams of bio-based industries, for example, in food processing or biofuel gener-

ation (via the transesterification of vegetable oils or the Fischer-Tropsch reaction

of lignocellulosic biomass [25]). Cost and safety concerns regarding transportation

and storage are minimized because of the utilization of liquid instead of gaseous

feedstocks. Nevertheless, the production of hydrogen through APR is governed by

selectivity challenges. Undesired side reactions include the hydrogenation of CO

and CO2 on the metal surface to form light alkanes. Other unwanted reactions

proceed through parallel pathways involving C-O cleavage followed by hydrogena-

tion, which results in the production of alcohols, acids, aldehydes and alkanes with

an equal or lower number of carbon atoms to the initial carbohydrate [20].
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The selective formation of hydrogen can be achieved through a combination of

catalyst development and reactor engineering. Although significant research is di-

rected towards developing catalytic systems for APR [7, 13, 23, 52], the field of

reactor design for this application has not yet been developed. In the interest of

sustainability, microreactors represent a very suitable option. They can efficiently

combine high yields with a great reduction in waste streams and energy demands.

In the case of APR, the well-controlled multiphase flow regimes that can exist

inside microchannels allow for optimal distribution of products within the existing

phases: therefore, driving the reactivity towards hydrogen. An interesting example

is the gas-liquid Taylor flow regime along a 0.25-1.0 mm internal diameter (ID)

channel in which the catalyst is deposited on the walls as a washcoat layer. Al-

though APR already involves a multiphase system of liquid reactants and gaseous

products, co-feeding an extra (inert) gas stream is beneficial as it creates bub-

bles and results in a gas-liquid Taylor flow within the channel. The presence of

an inert gas will also promote mass transfer of the gaseous products towards the

bubbles so that no further hydrogen-consuming reactions take place. Nevertheless,

co-feeding an inert gas introduces concerns regarding production costs and product

dilution. These can be mitigated by directly feeding H2/N2 mixtures to the fuel

cell and later recirculating the remaining (hydrogen-depleted) inert gas. Consider-

ing the addition of an extra gas steam as a compromise between overall costs and

hydrogen efficiency, optimum operation conditions can assist in maximizing the

overall yield of hydrogen and minimize the concentration of contaminants in the

gas stream. This is of great importance when the reformer is coupled to a PEM fuel

cell. In addition, the benefits in scalability of microtechnology together with the

simplified logistics when using liquid precursors for hydrogen production render

APR and microtechnology an interesting combination for portable applications

(e.g., distributed hydrogen generation unit). To the best of our knowledge, the

use of microreactors for APR has not yet been addressed in previously published

literature reports.

To assess the prospective of microreactor technology for APR, the reaction was

conducted for the first time in a catalytically stable waschoated microreactor

where multiphase hydrogen removal enhanced hydrogen efficiency. To pursue a

step-wise approach, we initially focused on a simplified system that used a single

320 µm ID microchannel as the model reactor system and ethylene glycol as model

(bio)carbohydrate. A platinum-supported catalyst was immobilized in a washcoat
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layer of 1-5 µm thickness on the inner wall of the microchannel. γ-Alumina is

the most commonly used support for this reaction; however, recent studies have

demonstrated that it rapidly transforms to pseudo-boehmite [AlO(OH)] under

APR conditions [48, 55, 169]. Accordingly, in this study also AlO(OH) was directly

used as the support. Although great effort has been directed towards finding an

optimum method to washcoat microchannels [170], the reproducibility and uni-

formity of the resultant layer remains a challenge, especially in the case of open

tubular channels with less than 500 µm ID. Therefore, this research was performed

in two parts: 1) the catalytic washcoat preparation method was selected and op-

timized, and 2) reactivity tests were completed and comparison was performed

with a conventional fixed-bed reactor (FBR). As outcome of this study, we aim to

consolidate the usage of heterogeneous catalysis and microreactor technology in

APR.

3.2 Experimental

3.2.1 Materials

Uncoated fused silica capillaries (320 µm ID, Agilent) were used. Catalyst prepa-

ration was performed by using pseudo-boehmite (AlO(OH), Pural SB1, Sasol) and

aluminum oxide (Al2O3, Merck) for the catalyst supports, platinum(II) acetylace-

tonate (Pt(C5H7O2)2, 97%, Sigma-Aldrich) as the metal precursor, and methanol

(99.8%, Sigma-Aldrich) and dichloromethane (CH2Cl2 CHROMASOLV Plus,≥99.9%

with 50-150 ppm of amylene as stabilizer, Sigma-Aldrich) as solvents. Acetic acid

(glacial, 100%, Merck) was used to adjust the pH value of the suspensions. For

catalytic tests, ethylene glycol (99.8% Anhydrous, Sigma-Aldrich) was used.

3.2.2 Preparation of the catalytic washcoat

The fused silica substrate was pretreated by NaOH/HCl, as detailed elsewhere

[171] to increase the surface roughness. Two coating techniques were used to de-

posit a layer of a porous support: a dynamic technique and a static technique.

The experimental setups are depicted in Figure 3.1. In the dynamic technique, the

capillary to be washcoated (Figure 3.1a) was partially filled with a viscous suspen-

sion of AlO(OH) in water and acetic acid. The suspensions were prepared through
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Figure 3.1 – The experimental setup for coating: 1) dynamic and II) static, a) and e)
represent 50 cm long capillaries with 320 µm ID, b) represents a 20 cm long capillary
with 320 µm ID, c) represents a 10 cm long capillary with 50 µm ID; d) are universal
capillary glass connectors, f) represents a wax plug, and g) is a glass tube.

portion-wise addition of the powder to the solvent. Acetic acid was used to adjust

the pH value of the suspension to a value of 4-5 to avoid agglomeration of the par-

ticles. This process was performed under continuous stirring for the same purpose.

The suspensions were aged during 24 h. Two different suspensions were used: D1

and D2, with 20 and 25 wt.% of AlO(OH), respectively. Inside the microchannel,

the suspension formed a plug of 10 cm that was displaced by a gas flow at 2-3 cm

s−1, leaving behind a thin layer on the inner walls of the microchannel. The gas

flow was provided by a mass flow controller connected to a 3 bar He supply. The

opposite end of the microchannel was connected to a sequence of buffer capillaries

(Figure 3.1b and c) that functioned as pressure regulator, which prevented the

natural tendency of the plug to speed up as the channel was cleared. In this way, a

good control of the displacement velocity was ensured. After the layer was created,

the support was immobilized through controlled evaporation of the solvent. Two

different drying procedures were applied: drying at 120 ◦C over night, 1 ◦C/min,

no gas flow (HT); and drying at room temperature, under He flow during 24 h

(LT).

In the static technique, the microchannel (Figure 3.1e) was completely filled with a

viscous suspension of AlO(OH) in methanol and acetic acid, prepared in the same

manner as those used in the dynamic method. Two suspensions were used, S1 and

S2, with 2 wt.% and 5 wt.% of AlO(OH) respectively. Sonication treatment was

applied to degas the suspension. The layer was formed and immobilized in one

step because of capillary forces through controlled evaporation of the solvent at

one of the ends of the microchannel. The other end was sealed using sealing wax

(Figure 3.1f). The sealing procedure was of critical importance because any bubbles

present could have expanded and perturbed the coating process. The evaporation
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occurred by exposing the open end to a vacuum (150 mbar, with a ramp of 50

mbar/h), at room temperature for 24-72 h.

All AlO(OH) washcoated microchannels were calcined at 380 ◦C during 6 h at a

heating rate of 0.5 ◦C/min. Deposition of the active metal was performed by using

an impregnation method. A solution of Pt(C5H7O2)2 in CH2Cl2 was prepared

according to the desired loading and the internal volume of the channel (i.e. 13-26

mg/ml), which was injected inside the microchannel and placed in an oven at 40 ◦C

for solvent evaporation. During the drying process, both ends of the microchannel

were introduced into a glass vial though a small hole on the cap of the vial. A

needle was used to perforate the cap to ensure atmospheric pressure. The excess

solution that exited the microchannel during drying was collected and quantified.

Notably, the final amount of loaded Pt was lower than the initially aimed for.

The actual amount of loaded metal was calculated indirectly by quantifying the

unloaded Pt(C5H7O2)2. Finally, the microchannels were calcined at 350 ◦C during

6 h at 0.5 ◦C/min, and they were then reduced at 220 ◦C during 2 h under H2 flow

prior to reaction.

3.2.3 Preparation of bulk catalyst

γ-Al2O3 and AlO(OH) powder were first calcined at 380 ◦C during 6 h at 0.5 ◦C/min,

similarly to the AlO(OH) washcoated microchannels. Impregnation of platinum

was performed by using a solution of Pt(C5H7O2)2 in CH2Cl2. The concentration

of this solution was adjusted to obtain the same loading as in the washcoated

microchannel. Calcination and reduction was performed in the same fashion as for

the microchannels. The bulk catalyst was finally pressed and sieved between 212

and 800 µm.

3.2.4 Catalyst characterization

The thickness of the washcoat layer was examined by using a XL30-ESEM-FEG

SEM operated at 10 kV, with a working distance of approximately 10 mm. Sam-

ples were sputter-coated with a 200Å gold coating. The coating thickness of each

sample was measured at 12 different points. The variance of these data was used

to assess the uniformity of the washcoat layer. Platinum loadings were quantified

by using inductively coupled plasma (ICP). Platinum particle size was examined

by using TEM with a FEI Tecnai G2 Sphera transmission electron microscope at
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Figure 3.2 – The experimental setup that was used for the APR of ethylene glycol.

an acceleration voltage of 200 kV. Thermogravimetric analysis (TGA) of the fresh

and spent bulk catalysts was performed to detect possible carbonaceous species on

the surface, as well as to identify phase changes of the catalyst support. ICP anal-

ysis of the liquid samples after reaction was performed to detect possible leaching

of the active metal.

3.2.5 Catalytic activity test

The setup represented in Figure 3.2 was used to asses the catalytic activity. A

catalytic washcoated microchannel was placed in an oven and heated at 220 ◦C.

The solution (5 wt.% of ethylene glycol in water) was fed into the system with a

syringe pump and mixed with a N2 flow before entering the reactor. Downstream,

the gas and liquid mixture was quenched and collected in a pressurized stainless-

steel vessel in which both phases are separated. The composition of the gas stream

was monitored over time by using an on-line GC, and the the liquid phase was

sampled and analyzed off-line by using HPLC and GC. The reader is referred to

the Experimental section of Chapter 2 for further details about the experimental

setup.

The performance of the microchannel for APR of ethylene glycol was compared to

that of a FBR; the microchannel was replaced by a FBR (10 cm, 0.25 mm ID steel

tube) in the same setup. In these experiments, a solution (5 wt.% of ethylene glycol

in water) was fed to the reactor at different liquid flow rates, ranging from 0.1 to

0.6 ml/h in the case of the microchannel, and from 0.6 to 2.4 ml/h in the case of

the FBR. These flows were adjusted according to the amount of active metal in

the reactor to maintain a comparable WHSV. Together with the solution, N2 was
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co-fed in a gas to liquid ratio of RGL=2 m3
gas/m

3
liquid. The reaction was performed

at 220 ◦C and 25 bar.

The conversion of ethylene glycol (XEG) and the selectivity towards hydrogen

(SH2
) are calculated as XEG = (FEG,in − FEG,out)/FEG,in × 100%; and SH2

=

FH2
/(2.5×FC,products)×100%, respectively. FEG,in and FEG,out stand for the molar

flow of ethylene glycol in the liquid phase at the inlet and outlet, respectively.

FH2
represents the molar flow of hydrogen produced, and FC,products stands for

the molar flow of carbon atoms measured in the products. Because the volatility

of ethylene glycol is very low, only the liquid phase composition was used to

calculate these values. The change in volumetric flow caused by consumption and

evaporation of water was taken into account. The factor 2.5 corresponds to the

reforming stoichiometric ratio H2/C for APR of ethylene glycol.

3.3 Results and Discussion

3.3.1 Selection and optimization of the catalyst washcoat

preparation method

In this study, 320 µm ID fused silica capillaries were used as the substrate to

deposit the catalyst washcoat. These capillaries could be easily cut, crushed, or

dissolved; thus, thorough catalyst characterization in repeated experiments at low

costs could be achieved. However, fused silica capillaries cannot be exposed to tem-

peratures above 400 ◦C and the capillaries become fragile after repeated exposure

to heating and cooling cycles. For this reason, materials with higher thermal re-

sistance, such as steel or glass chips, should be considered for a final microreactor

concept. A study on the preparation of similar coatings in this type of microreac-

tors is being conducted in this group, but lays outside the scope of this thesis.

When a basic/acid treatment was applied to the inner surface of the microchannel,

the fused silica substrate became rough and thus suitable for catalyst deposition.

AlO(OH) was selected as the catalyst support instead of the conventional γ-Al2O3

for two reasons. Firstly, recent studies reported evidence for the rapid transforma-

tion of γ-Al2O3 into AlO(OH) under APR conditions, during which blockage of

the active sites could occur [48]; secondly, washcoating γ-Al2O3 results in a lower
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Figure 3.3 – SEM image of inner surface before (left) and after (right) basic/acid pre-
treatment.

Table 3.1 – Properties of suspensions used in dynamic washcoating technique.

Suspension AlO(OH) conc. (wt%) µ (mPa·s)[a] γ (mN/m)[b]

D1 20 8 39.1
D2 25 69 40.1

[a]: Viscosity. [b]: Surface tension.

adhesion of the catalyst layer because γ-Al2O3 particles tend to agglomerate when

they are in suspension and an increase in particle size results in an incomplete cov-

erage of the surface [172] (see Figure 3.4). A more extensive pretreatment of the

substrate is needed to obtain a fully covered γ-Al2O3 layer.

The properties of the suspensions used in the dynamic coating process are detailed

in Table 3.1, and the results from using the dynamic washcoating technique are

shown in Table 3.2. Suspension D1 was used to evaluate the effect of the drying

20 µm 20 µm

Figure 3.4 – SEM image of cross section of fully covered (left) and poorly adhered
(right) washcoat obtained with a γ-Al2O3 suspension (20 wt.% γ-Al2O3 in water and
acetic acid), using the dynamic methodology.
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Table 3.2 – Results from using the dynamic washcoating technique.

Method Suspension u (cm/s)[a] Rep.#[c] δ (µm)[b]

HT D1 2.0 1 0.36 ± 0.05
LT D1 2.0 1 0.87 ± 0.07
LT D2 2.0 1 0.99 ± 0.08
LT D2 6.0 1 1.21 ± 0.06
LT D2 6.0 2 2.81 ± 0.31

[a]: Displacement velocity. [b]: Coating thickness. [c]: Number of repetitions.

methodologies on the thickness and uniformity of the layer. The results indicated

that the thickness decreased in HT drying because some of the suspension was

expelled from the microchannel when bubbles were formed during boiling of the

solvent. The drying conditions significantly affected the layer uniformity. Slow

drying under mild condition was key for achieving a uniform AlO(OH) washcoat.

A uniform layer of around 0.85 µm thickness was obtained with the LT method.

Since the work of Taylor regarding the coating of channels with thin liquid films

[173], it is known that the thickness of the layer is larger with increasing Capil-

lary (Ca) number (Ca = µ · u/γ; µ is the viscosity of the suspension, γ is the

surface tension, and u is the displacement speed). In principle, a thicker and still

uniform layer can be obtained by following the described LT methodology with a

more viscous suspension. This approach has been widely reported in the literature

by increasing the percentage of solids in the suspension and by adding thicken-

ing additives such as polyvinyl alcohol [170]). However, given the shear-dependent

rheology of these emulsions with high solid concentrations [174, 175] and the diffi-

cult workability of highly viscous suspensions in small channels [99], relatively low

viscosities were used in this study (suspension D2) despite limiting the washcoat

thickness. To further increase the thickness of the coating, faster displacement

and multiple coatings with an intermediate calcination step were used. A SEM

image of the cross-section of the thicker layer achieved in a single step is shown in

Figure 3.5a. A highly uniform AlO(OH) layer of 1.2 µm thickness was achieved.

The multiple coating approach resulted in a uniform layer of 2.8 µm thickness

(Figure 3.5b).

The results obtained through the static method are summarized in Table 3.3.

By using this technique, almost four times thicker AlO(OH) washcoatings were

achieved compared to the dynamic technique (Figure 3.6). The main limitation

was the long evaporation time. It took approximately three days to evaporate the



3.3 Results and Discussion 63

1.34 µm

10 µma)

2.77 µm

10 µm

2.68 µm 2.68 µm

b)

Figure 3.5 – SEM image of cross section of the thickest AlO(OH) washcoat that was
obtained in a) a single step, and b) with 2 repetitions, with suspension D2, using dynamic
methodology (u=6.0 cm/s) and LT drying [Dyn-AlO(OH)].

Table 3.3 – Results from using the static washcoating technique.

Suspension AlO(OH) conc. (wt%) δ (µm)

S1 2 1.5 ± 0.2
S2 5 4.6 ± 0.2

solvent, which was contained in 50 cm channel, by using a suspension containing 5

wt.% solids. This time increased further when the concentration of the suspension

was greater. When a suspension containing 7 wt.% solids was used, complete evap-

oration was not achieved within one week. Given the long evaporation times, using

concentrations above 5 wt.% was not practical and, therefore, was not explored

further. The AlO(OH) layers obtained by using the static technique presented a

high uniformity (e.g., 4.6 ± 0.2 µm). For the parameters used in this work, we did

not observe a clear dependence of the coating thickness on the position along the

channel. Nevertheless, the resulting homogeneity of the layer along the channel

could depend upon the process variables (i.e., temperature, pressure, properties

of the suspension, channel dimensions, and so on). In the Experimental Section of

this chapter, we have explained this washcoating technique as a process whereby

the AlO(OH) suspension remains stagnant in the microchannel and the washcoat

is formed from the open end of the capillary to the sealed end as the solvent

evaporates and the solids are dragged to the walls by capillary forces. Whereas

the majority of the solid fraction is pulled to the walls, some solids diffuse into

the remaining suspension, thus increasing the localized solid concentration as the

evaporation proceeds. Immediately after the layer is formed, we envisioned it as

a wet film (i.e., highly concentrated suspension with some intra-particle liquid

solvent) rather than a fixed solid layer. Therefore, this film could behave as a dy-
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200 µm
3 µm

Figure 3.6 – SEM images of cross section of AlO(OH) washcoat obtained with suspen-
sion S2 by using static methodology [St-AlO(OH)]. a) Full cross section, and b) zoomed
in image of the AlO(OH) washcoat layer.

namic system that can rearrange itself after formation, seeking a lower energetic

situation. We speculate that the uniformity of the layer along the channel was

determined by the relative rate of the processes involved (i.e., evaporation, diffu-

sion, film formation, and rearrangement), which were dependent on the processes

parameters. Given the high uniformity of the layers obtained in this study, the

parameters affecting the uniformity were not further investigated.

Based on the results obtained, the static technique was identified as the optimal

washcoating methodology for this study because thicker and still uniform AlO(OH)

layers were obtained in a simple manner. Furthermore, by using this technique the

washcoat thickness was controlled by simply adjusting the solid composition. Nev-

ertheless, considering the limitations of this method regarding the evaporation

time, the dynamic technique was not disregarded. Therefore, two AlO(OH) wash-

coated microchannels were studied; Dyn-AlO(OH) with a film thickness if 2.8 µm

formed from suspension D2 by using the dynamic technique, LT drying, u= 6.0

cm/s, and multiple coatings; and ST-AlO(OH) with a film thickness of 4.8 µm

formed from suspension S2 by using the static technique.

Impregnation of Pt on Dyn-AlO(OH) and St–AlO(OH), followed by calcination

and subsequent reduction resulted in two catalytic washcoats; Dyn-Pt/AlO(OH)

with 11 mg catalyst per m channel, 1.4 wt % Pt loading, and 1.5 nm mean particle

size; and St-Pt/AlO(OH) with 18 mg catalyst per m channel, 1.3 wt % Pt loading,

and 1.5 nm mean particle size. An analogous procedure applied to bulk AlO(OH)

and γ-Al2O3 resulted in two conventional bulk catalysts; Blk-Pt/AlO(OH) with
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Figure 3.7 – Conversion of ethylene glycol over time on stream in St-Pt/AlO(OH)
and Dyn-Pt/AlO(OH) washcoated channels. The length of the microchannels has been
adjusted to obtain the same Pt loading in both channels (i.e., 0.1 mg Pt). Reaction
conditions: 220 ◦C, 25 bar, 0.3 ml/h liquid flow rate, 5 wt.% of ethylene glycol in water.

1.3 wt % Pt loading and 1.25 nm mean particle size as well as Blk-Pt/Al2O3 with

1.5 wt % Pt loading and 1.5 nm mean particle size.

3.3.2 Performance for APR of Ethylene Glycol

The catalytic systems tested in this section were Dyn-Pt/AlO(OH), St-Pt/AlO(OH),

Blk-Pt/AlO(OH), as well as Blk-Pt/Al2O3. The stability of the catalytic Dyn-

Pt/AlO(OH) and St-Pt/AlO(OH) washcoats under APR conditions was initially

evaluated. Later, the performance of the optimized catalytic washcoat was com-

pared to that of the bulk catalysts, namely Blk-Pt/AlO(OH) and Blk-Pt/Al2O3.

The bulk catalysts were tested in a FBR.

Stability test of the catalytic washcoats

The conversion of ethylene glycol was used to compare the activity of the different

systems. The activity of the two selected catalytic washcoats [Dyn-Pt/AlO(OH)

and St-Pt/AlO(OH)] was monitored over several hours to identify deactivation of

the catalyst.

The conversion of ethylene glycol as a function of time for both samples is shown

in Figure 3.7. The Dyn-Pt/AlO(OH) catalytic washcoat demonstrated a relatively
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high deactivation rate during the first hours of operation. The total activity loss

within 3 hours of operation was 15 %. This is likely associated with the low ad-

herence of the support layer obtained by the dynamic washcoating technique, as

already suggested in Figure 3.5b. In the case of the dynamic technique, the ad-

hesion of the catalyst support on the fused silica substrate occurred mainly by

anchoring and interlocking of the AlO(OH) particles within irregularities of the

surface of the microchannel. A more intense pretreatment of the surface would

be necessary to increase the number of anchoring points and thereby improve the

performance of the final catalytic system. After 3 hours the microchannel become

broken.

The results obtained for the St-Pt/AlO(OH) catalytic washcoat were superior to

the washcoats obtained by using the dynamic methodology. Because the static

washcoating procedure to deposit the catalyst support was performed in a sin-

gle step, less heating and cooling cycles were required for the preparation of this

catalytic washcoat. As a result, the microchannel was less fragile and it was pos-

sible to evaluate the catalytic stability of St-Pt/AlO(OH) for prolonged times on

stream (i.e., 10 days). The activity of St-Pt/AlO(OH) slowly decreased over the

first 10 h, reaching a total degree of deactivation of approximately 15 %. After

this time, the activity leveled off and the catalytic washcoat demonstrated a sta-

ble performance for more than 2 days under the same reaction conditions. Once the

stable performance was achieved, the same microchannel was used to run several

experiments over a total of 10 days. During this time, the catalytic washcoat did

not exhibit any further deactivation. Five identically prepared microchannels were

used to conduct similar experiments; the activity during the periods of stable per-

formance was the same for all the catalytic washcoats at analogous weight hourly

space velocity (WHSV, Figure 3.8). Therefore the reproducibility of the method

proved highly satisfactory. The stabilized performance after the initial deactiva-

tion indicated that catalyst deactivation was not a limitation for the application

of microchannel reactors for APR of ethylene glycol. However, longer experiments

should be conducted; in practice a stability of several months is needed.

Partial detachment of the catalyst layer was considered as one of the causes of

catalyst deactivation. Precise determination of the amount of catalyst detached

was difficult because the amount of catalyst loaded was on the order of 10 mg.

Because fused silica is transparent, it was possible to measure the length of the

microchannel that became uncoated after the reaction. By SEM analysis of the
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Figure 3.8 – Results of reproducibility testing; the performance for the APR of ethy-
lene glycol after the initial deactivation of five catalytic washcoats, which were identically
prepared as St-Pt/AlO(OH): 5 µm washcoat layer, 18 mgcatalyst/mchannel, 1.3 wt % Pt load-
ing). Residence time varied in each experiment to account for the changes in microchannel
length (L) and liquid flow rate (Qliq).

used microchannel, it was also possible to confirm that the thickness of the still

adhered catalytic layer remained the same. In this way, we estimated the amount

of catalyst layer that became detached during the reaction. The result of this

calculation was taken as a rough indication of the partial detachment of the cat-

alyst washcoat. For the St-Pt/AlO(OH) catalytic system, approximately 10% of

the initial catalyst layer became detached over the 10 days of operation. Although

catalyst detachment was limited, for practical implementation it is important to

further improve the adhesion of the catalyst layer and, if needed, remove the less

adherent part of the coating prior to reaction by a pretreatment (e.g., flush liquid

through microchannel under similar conditions as APR).

Another cause of deactivation was attributed to sintering of the Pt particles (Fig-

ure 3.9). The mean particle size increased from 1.5 nm to 3.0 nm during the

reaction. A similar trend was also observed with the bulk catalyst used in the

FBR, for which the mean particle size increased from 1.25 nm to 2.5 nm.

In previous studies on glycerol reforming, carbonaceous species were detected on

the catalyst surface, and they are also suggested as cause of catalyst deactivation

[176]. According to TGA of the spent catalyst in this study, no carbonaceous

species were formed on the catalyst surface after APR of ethylene glycol (see

Figure 3.10). When the catalyst was heated under an oxidizing atmosphere, only
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Figure 3.9 – a) TEM image of the crushed catalyst washcoat [St-Pt/AlO(OH)] before
reaction. b) Histogram of the catalyst washcoat particle size before (fresh) and after 10
days reaction (spent).

the endothermic transformation of AlO(OH) to γ-Al2O3 at approximately 500 ◦C

was observed.

Leaching of the active metal into the liquid phase was also considered a possibility

given the acidity of the reaction medium (i.e., pH 4). Nevertheless, according to

ICP analysis, the amount of Pt dissolved in the liquid medium was not higher

than the detection limit of this technique (i.e., 0.1 mg/L). Therefore, leaching was

not a major cause of catalyst deactivation.

Recent publications reported the transformation of γ-AlO(OH) to AlO(OH) as well

as the consequent migration and coverage of the metal particles by Al(OH)x as

major causes for the deactivation of Pt/γ-Al2O3 catalysts under APR conditions

[48]. In our case this was not expected because AlO(OH) phase was the original

support when the active metal was impregnated.

Activity test

The performance of the catalytic washcoated [St-Pt/AlO(OH)] microchannel and

bulk catalysts [Blk-Pt/AlO(OH) and Blk-Pt/Al2O3] in the FBR during APR of

ethylene glycol are shown in Figure 3.11. No significant intra-particle mass transfer

effects were expected in the case of the FBR (Thiele modulus is 0.29) or for the

microchannel (Thiele modulus is 0.01). External mass transfer coefficients were

estimated according to Wakao et al.[177] and Kreutzer et al. [75, 79]; it was con-

cluded that both reactor types operated under the kinetically limited regime. The
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Figure 3.10 – TGA of a sample of the catalyst before (fresh) and after (spent) APR of
ethylene glycol. Heating rate of 1 ◦C/min in air (100 mL/min).
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Figure 3.11 – Performance of the washcoated microchannel (50 cm long, 5 µm catalyst
layer, 0.1 mg Pt), and the FBR (0.6 mg Pt loaded on AlO(OH) and Al2O3, 400 µm mean
particle size) for APR of ethylene glycol. Reaction conditions: 220 ◦C, 25 bar, 5 wt.% of
ethylene glycol in water, RGL=2 m3
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liquid at the inlet, liquid flows were adjusted in

each case to achieve analogous residence times.
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Figure 3.12 – Effect of RGL on the final conversion during the APR of ethylene glycol
in the St-Pt/AlO(OH) catalytic washcoated microchannel (total loading 0.1 mg Pt de-
posited as 5 µm washcoat thickness and 1.3 wt.% Pt/AlO(OH) catalyst layer in 40 cm
channel). Reaction conditions: 220 ◦C, 25 bar, 5 wt.% of ethylene glycol in water, liquid
flow rate of 0.6 ml/h.

performance of both reactor types was comparable when AlO(OH) was used as

the catalyst support [i.e., St-Pt/AlO(OH) and Blk-Pt/AlO(OH)]. Therefore, the

washcoat preparation method presented in this study proved to be highly satis-

factory.

According to the results shown in Figure 3.11, the catalyst support had a strong ef-

fect on the reactivity. In agreement with the work of Ciftci et al. [55], Pt/γ-Al2O3

exhibited lower activity than Pt/AlO(OH). This was consistent with the inter-

pretation of De Vlieger et al.[48] concerning blocking of active sites through the

migration of Al(OH)x groups during the transformation of γ-Al2O3 into AlO(OH).

Therefore, using AlO(OH) as the catalyst support for APR was the best choice.

As the residence time increased, the conversion of ethylene glycol showed a satu-

rating tendency for both reactor types, although in a slightly lesser extent for the

catalytic washcoated microchannel. The saturating tendency could be explained

by the increased concentration of the products on the catalyst surface inhibiting

the reactivity. The reader is referred to Chapter 2, in which a negative reaction

order in hydrogen for the reaction kinetics in APR of ethylene glycol was demon-

strated. From this perspective, removal of the gaseous products will enhance the

reactivity, which is consistent with the results presented in Figure 3.12.

For effective gaseous product removal by using stripping methods, intensive contact
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Figure 3.13 – Gas-liquid flow in a microchannel connected after the washcoated micro-
channel.

between phases was desired. Nevertheless, for small liquid flows and large gas

production, phenomena such as channeling, dead zones or poor wetting could

be expected in the FBR. In general, this non-ideal behavior is very typical in

trickle beds, which results in poor gas-liquid-solid contact in localized zones and

reduces the overall performance [178]. In contrast, contact between the phases in

the microchannel was well defined and highly uniform (Figure 3.13). The non-

ideal flow behavior of the FBR led to a decrease in the stripping efficiency, which

was especially important as the hydrogen concentration increased (i.e., higher

conversion).

Side reactions

The selectivity towards hydrogen and the product distribution obtained at similar

conversions for the two reactor types when using analogous catalytic systems [i.e.,

Blk-Pt/AlO(OH) in FBR and St-Pt/AlO(OH) in the microchannel] are shown in

Table 3.4. Selectivities towards hydrogen lower than 100 % are associated with

dehydration and hydrogenation reactions to form alcohols as major side products

in the liquid phase (Reactions 3.4 and 3.5) and alkanes in the gas phase (Reac-

tions 3.6-3.8).

C2H6O2 + 2H2O −−⇀↽−− 2CO2 + 5H2 (3.3)

C2H6O2 +H2 −−→ 2CH3OH (3.4)

C2H6O2 +H2 −−→ C2H5OH+H2O (3.5)
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CH3OH+H2 −−→ CH4 +H2O (3.6)

C2H5OH+H2 −−→ C2H6 +H2O (3.7)

CO2 + 4H2 −−→ CH4 + 2H2O (3.8)

At comparable conversions, the selectivity towards hydrogen in the microchannel

was nearly 10 % greater than that in the FBR. In both systems, the conversion of

ethylene glycol to gas phase products was significantly larger than the conversion

to liquid phase products. This difference was even more pronounced in the micro-

channel, in which the amount of products of dehydration-hydrogenation reactions

(methanol and ethanol) in the liquid phase appeared to be highly reduced. This

result was again attributed to the improved stripping effect in the capillary micro-

channel compared to the FBR. Effective removal of hydrogen from the catalyst

surface limited its consumption in hydrogenation reactions.

Table 3.4 – Hydrogen selectivity and product distribution for the APR of ethylene glycol
over Pt/AlO(OH) at 220 ◦C and 25 bar in the FBR and in the washcoated microchannel
at different residence times.

Reactor τ [a] X
[b]
EG S

[c]
H2

Carbon balance %

type s·molPt/molEG SH2
% Cgas CO2 Alk[d] Cliq MOH[e] EOH[f ]

FBR[g] 6 9 87.4 87.8 87.5 0.35 12.2 9.10 3.11
11 14 87.2 87.5 87.1 0.36 12.5 8.93 3.60

Micro- 3 8 95.0 95.8 95.0 0.85 4.2 3.30 0.89

channel[h] 8 12 93.7 94.7 93.6 1.06 5.3 4.40 0.93

[a] Residence time. [b] Ethylene glycol conversion. [c] Hydrogen selectivity. [d] Alkanes
(CH4 + C2H6). [e] CH3OH. [f] C2H5OH. [g] Using Blk-Pt/AlO(OH) catalyst. [h] Using
St-Pt/AlO(OH) catalyst.

Considering the benefits of effective stripping for both activity and selectivity to-

wards hydrogen, a greater improvements of the microchannel system over the FBR

is anticipated when more active catalyst (i.e., higher Pt loadings) or higher oper-

ation temperatures are used. Since the microchannel presents better mass transfer

properties, these conditions would still allow the microchannel to operate under the

kinetically limited regime, whereas the FBR would then be mass transfer limited.
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The improvement in selectivity towards hydrogen through the effective removal of

this gas is expected to be more significant during APR of larger carbohydrates

(e.g. glycerol, sorbitol or glucose), which usually presents severe selectivity chal-

lenges [20]. Based on this observation, extended studies on APR of sorbitol were

conducted, and the results are reported in Chapter 4.

The possibility of performing APR in a single microchannel has been demonstrated

in this study. By parallelizing microchannels with the same characteristics and pro-

cess conditions, larger hydrogen throughputs can be achieved with no detriment

in the overall efficiency. This can result in a overall reduction of the reformer size,

thus becoming a suitable technology for decentralized/portable hydrogen genera-

tion units. As an example, the size of the reformer that can process the amount

of carbohydrate needed to power a laptop was calculated by using our observed

catalyst activity and considering a typical fuel cell of 1.2 V, a laptop of 10.8 V,

and a consumption of approximately 1160 mA·h per hour run. According to these

calculations, the required amount of hydrogen would result from an internal reac-

tor volume of approximately 45 ml size, and the volume of the final device would

be approximately twice this volume. A further reduction of the reformer size can

be achieved by optimizing the catalyst loading per channel. Implementation of a

system for continuous hydrogen removal (e.g., a membrane) could also result in

an increase of hydrogen yield per channel, and thus a reduction of the final unit

size.

3.4 Conclusion

In this work, APR of ethylene glycol over Pt/AlO(OH) is conducted in a sin-

gle microchannel. Both dynamic and static washcoating methodology are used to

deposit the solid catalyst on the microchannel wall. The static technique is identi-

fied as the optimum washcoating methodology because a highly uniform and well

adhered 5 µm layer is obtained in a single step. Controlling the layer thickness

with this technique is possible by adjusting the solid composition of the initial

suspension. Subsequent impregnation of the active metal on this layer leads to a

uniform Pt-supported catalytic washcoat. During APR of ethylene glycol, the cat-

alytic washcoat obtained with this method exhibits an initial drop of 15% in the

activity, followed by several days of stable performance. Therefore, deactivation

is not considered as a strong limitation for its implementation. The initial deac-
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tivation is attributed to partial detachment of the layer, which can be prevented

by increasing the roughness of the substrate. Sintering of the Pt particles is also

observed, but no coke formation and no Pt leaching are detected.

The performance of the catalytic washcoated microchannel is greater than that

of the analogous bulk catalyst in the FBR in terms of conversion and selectivity

towards hydrogen. This can be explained by an improved hydrodynamic behav-

ior that allows effective removal of the hydrogen from the catalyst surface. This

promotes hydrogen production rate and suppresses undesired hydrogenation re-

actions. Greater benefits of the microchannel with respect to FBR are envisioned

with increased Pt loadings, higher reaction temperature or with larger carbohy-

drates (i.e., sorbitol).

The practical usage of this microtechnology in APR is demonstrated, and the

results predict a significant size reduction in the final reformer. Therefore, this

work represents the first step towards the development of a distributed hydrogen

production unit.



4
Aqueous Phase Reforming of Sorbitol:

Microchannel Reactor vs. Fixed Bed Reactor

This chapter has been adapted from: Neira D’Angelo, M. F., Ordomsky, V., Van der
Schaaf, J., Schouten, J. C., & Nijhuis, T. A. (2013). Aqueous phase reforming in a micro-
channel reactor: the effect of mass transfer on hydrogen selectivity. Catalysis Science &
Technology, 3(10), 2834.

Abstract

Aqueous phase reforming of sorbitol was carried out in a 1.7 m long, 320 µm ID micro-
channel reactor with a 5 µm Pt-based washcoated catalyst layer, combined with nitrogen
stripping. The performance of this microchannel reactor is correlated to the mass transfer
properties, reaction kinetics, hydrogen selectivity and product distribution. Mass transfer
does not affect the rate of sorbitol consumption, which is limited by the kinetics of the
reforming reaction. Mass transfer significantly affects the hydrogen selectivity and the
product distribution. The rapid consumption of hydrogen in side reactions at the cata-
lyst surface is prevented by a fast mass transfer of hydrogen from the catalyst site to the
gas phase in the microchannel reactor. This results in a decrease of the concentration of
hydrogen at the catalyst surface, which was found to enhance the desired reforming route
at the expense of the undesired hydrogen consuming reactions. Compared to a fixed bed
reactor, the selectivity to hydrogen in the microchannel reactor was increased by a factor
of 2. The yield to side products (mainly C3 and heavier hydrodeoxygenated species) was
suppressed while the yield to hydrogen was increased from 1.4 to 4 moles per mole of
sorbitol fed.

75
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4.1 Introduction

The decentralized conversion of biomass to hydrogen is an attractive alterna-

tive to feed highly efficient polymer electrolyte membranes (PEM) fuel cells for

power generation [156]. Hydrogen can be obtained from an aqueous solution of

a (bio)carbohydrate over a Pt-based catalyst at mild conditions (c.a. 200 ◦C, 30

bar) via aqueous phase reforming (APR) [12, 20, 161]:

CnH2mOn + nH2O −−⇀↽−− nCO2 + (m + n)H2 (4.1)

This route [7, 58, 162] gives the possibility to upgrade liquid waste streams from

bio-based industries into a nearly CO-free hydrogen gas mixture with minimized

energy input [23, 52]. The production of hydrogen via APR is challenged by unde-

sired side reactions like the acid catalyzed dehydration of the substrate, followed

by hydrogenation over the metal surface. Rearrangement reactions may also oc-

cur given the high functionality of the intermediate products and the combined

catalytic effect of the active metal, the support and the liquid medium. These re-

actions represent an overall consumption of hydrogen and result in the formation

of a significant amount of liquid phase water-soluble oxygenated products, and

eventually alkanes [22, 34, 48]. The complexity of this chemistry and the extent of

the undesired hydrogen-consuming reactions become more significant as the size

of the substrate increases [20]. For practical implementation, however, the conver-

sion of larger carbohydrates is desired to minimize pre-treatment costs. Glucose

is an attractive reactant for APR [26, 179–181], but its conversion to hydrogen is

additionally limited by homogeneous decomposition. Alternatively, glucose can be

partially hydrogenated in a fast and nearly 100% selective step to sorbitol [182].

This sugar-alcohol is not sensitive to homogeneous decomposition and can be con-

sequently reformed to hydrogen with greater selectivities than glucose [33]. In this

case, the selectivity is only restricted by undesired hydrogen-consuming reactions

on the catalyst surface [20].

Various examples in the literature highlight the relevance of the interface mass

transfer rate, and thus the reactor design, on the product selectivity [63, 64]. One

example is a microreactor in which gas and liquid are forced to flow through chan-

nels with diameters of 10−4-10−3 m. At these scales, the hydrodynamics differ from

those in conventional systems. Of possible flow regimes, the Taylor flow regime is
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one of the most stable [75–77]. In Taylor flow, an alternating sequence of gas bub-

bles and liquid slugs flow through the channel as a plug flow. The gas bubbles are

longer than the channel diameter and a thin liquid film separates the gas bubbles

from the channel walls, where the catalyst is deposited. This system benefits from

high diffusion rates, short diffusion paths and large interfacial surface area, result-

ing in excellent mass and heat transfer rates [79, 80]. Provided there is a good

affinity between the liquid and the washcoated walls of the channel, this system

offers an ideal wettability and a continuous renewal of reactants on the catalyst

surface [81]. Despite these advantages, the application of microreactors systems for

heterogeneously catalyzed reactions is still under development since some issues

like catalyst loading, catalyst stability and scaling up need to be solved to make

these processes industrially attractive.

We have recently reported that APR of ethylene glycol can be successfully con-

ducted in a catalytically washcoated microchannel reactor that operates under the

Taylor flow regime with continuous phase-transfer hydrogen separation (Chapter

3 of this thesis, [183]). The focus of that study, as initial proof of concept, was the

preparation of the catalysts as well as the evaluation of its activity and stability

during APR. In that study, a visible increase of the hydrogen selectivity compared

to a conventional fixed bed reactor was detected. This was attributed to the high

mass transfer rates and to the hydrodynamic characteristics of the microchannel

reactor. The use of a microchannel reactor is expected to be even more benefi-

cial during APR of larger carbohydrates like sorbitol with stronger proclivity for

undesired hydrogen-consuming reactions than ethylene glycol.

In this chapter, we investigate the benefits of using a microchannel reactor for the

production of hydrogen via APR of sorbitol.

C6H14O6 + 6H2O −−⇀↽−− 6CO2 + 13H2 (4.2)

The implications of the mass transfer effects of the microchannel reactor on the

hydrogen selectivity and the reaction kinetics are investigated. As a model system,

APR of sorbitol is conducted in a 1.7 m long, 320 µm ID microchannel reactor with

a 5 µm Pt-based washcoated catalyst layer as well as in a conventional fixed bed

reactor. The performance of the reactors is evaluated in terms of sorbitol conver-

sion, hydrogen selectivity and the observed product distribution, which is analyzed

according to the reaction pathways earlier suggested in literature [22, 36]. In this
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way, we are able to correlate mass transfer characteristics of the microchannel

reactor with the hydrogen selectivity and the reaction kinetics.

4.2 Experimental

4.2.1 Catalyst preparation

By following the methodology described in Chapter 3 [183], a 5 µm boehmite layer

was deposited on the walls of a 1.7 m long, 320 µm ID fused silica microchannel.

Pt was impregnated using a solution of Pt(C5H7O2)2 in Cl2CH2, which resulted

in a loading of 0.7 mgPt/m or 2 wt% Pt/AlO(OH). Activation of this catalytic

layer layer was done by calcination at 350 ◦C during 6 h and reduction at 220 ◦C

with hydrogen during 2 h prior to reaction.

The catalytic activity of the washcoated microchannel is compared to that of a

reference bulk catalyst in a fixed bed reactor. For the preparation of this catalyst,

the AlO(OH) precursor was calcined, impregnated and activated in the same fash-

ion as the washcoat layer. The resulting powder was pressed and sieved between

422 and 600 µm.

4.2.2 Experimental set-up

The conversion of sorbitol to hydrogen by APR was carried out in the experimental

setup sketched in Figure 4.1, and previously described in Chapters 2 (using a

fixed bed reactor) and 3 (using a washcoated microchannel reactor). The reader is

referred to the Experimental section of these chapters for further details concerning

the setup.

In this Chapter, the APR of sorbitol is conducted at 220 ◦C and 35 bar, us-

ing an aqueous solution of 1 wt.% sorbitol (Sigma) as feed. The adiabatic tem-

perature decrease at 100% conversion is less than 8 K (calculated as ∆T =

6 · 105J/mol sorbitol · 10−3mol sorbitol/mol water/76 J/mol water K), which can be

easily overcome due to the excellent heat transfer characteristics of the micro-

channel reactor and the oven with circulating hot air. Thus, the microchannel

reactor operates under isothermal conditions. Prior to operation, the washcoated

microchannel reactor was pressurized, pre-heated and pre-wetted by the feeding

the sorbitol aqueous solution with a syringe pump. During the reaction, the micro-
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Figure 4.1 – Experimental setup for APR of sorbitol.

channel reactor was operated under the Taylor flow regime by co-feeding the liquid

reactant together with nitrogen. The reaction products are quenched downstream

and collected in a pressurized stainless steel vessel where the gas and liquid are

separated and sampled for further analysis on-line (by GC: Poraplot/Molsieve

5A columns and TCD/ FID detectors) and offline (by a combination of HPLC:

Metacarb 67H column, RI detector; GC: Cp-sil5 column, FID detector; and GC-

MS: DB-200 column), respectively.

The composition of gas and liquid was used to determine the conversion of sor-

bitol and the selectivity towards the main products when varying the liquid flow

rate (0.75-9 ml/h) and the gas to liquid ratio at the microchannel inlet (RGL=0-2

m3
gas/m

3
liquid). These results were compared to those obtained in analogous exper-

iments conducted in a stainless steel tubular reactor (10 cm long, 2.5 mm ID) with

a porous bed of 110 mg of bulk catalyst (2 wt% Pt/AlO(OH)). The porosity of the

bed is c.a. 0.3. This reactor was exchanged by the washcoated microchannel in the

same experimental setup depicted in Figure 4.1. In these experiments, the fixed

bed reactor was placed vertically and operated downflow. After pre-wetting of the

catalyst with the liquid reactant, a nitrogen flow was fed co-currently in the same

fashion as previously done with the washcoated microchannel reactor. The liquid

and gas flow rates were adjusted according to the amount of Pt in the reactor to

maintain a comparable WHSV and equal RGL as those in the microchannel. If

not indicated otherwise, the gas stream fed is pure nitrogen. An extended series

of experiments was conducted in the fixed bed reactor to investigate the effect of

the hydrogen partial pressure on the reaction rate and the hydrogen selectivity.

In these experiments, various mixtures of nitrogen and hydrogen were pre-mixed
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with the liquid stream with a constant gas to liquid ratio RGL=2 m3
gas/m

3
liquid.

4.2.3 Conversion, selectivity and yield

The following expressions were used to calculate the conversion of sorbitol (XSB),

the selectivity to hydrogen on the basis of the sorbitol converted (SH2
), the selec-

tivity to hydrogen on the basis of the gas phase products (SH2,gas
), and the yield

to carbon products (YC,i):

XSB = (FSB, in − FSB, out)/FSB, in × 100%

SH2
= FH2

/(13× FSB, in × XSB

100
)× 100%

SH2,gas
= FH2

/(13/6× FC, gas)× 100%

YC,i = FC,i/(FC, products)× 100%

where FSB, in and FSB, out are the molar flows of sorbitol in the liquid phase at the

inlet and outlet respectively, FH2
is the molar flow of hydrogen produced, FC, gas is

the molar flow of carbon atoms in the gas phase products (i.e. alkanes and CO2),

FC,i is the molar flow of carbon atoms in the component i and FC, products is the

total molar flow of carbon atoms in the products. Notice that two definitions for

the selectivity to hydrogen are given (i.e. SH2
and SH2,gas

). The first definition is

preferred in this work since we observed a significant amount of products in the

liquid phase at all space velocities studied. The second definition is widely used

in the literature [22, 35] and has been calculated in this study for the sake of

comparison.

4.3 Results and Discussion

4.3.1 Conversion of sorbitol

Figure 4.2 shows the conversion of sorbitol in the washcoated microchannel and

the fixed bed reactor as a function of the residence time (calculated on the basis of

the total Pt loading). Both reactor types present a similar rate of consumption of

sorbitol. The two reactors were operated in the same fashion. They were equally
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Figure 4.2 – Sorbitol conversion versus residence time for the fixed bed reactor (open
circles), with 2 mg Pt loading; and the microchannel reactor (full circles), with 0.7 mg
Pt loading. Reaction conditions: 220◦C, 35 bar, 1 wt.% of sorbitol in water, RGL=2
m3

gas/m
3
liquid at the reactor inlet, liquid flows were adjusted in each case to achieve

analogous WHSV.

pre-heated, pre-wetted and they were maintained under analogous reactor condi-

tions. Notice that in both cases, nitrogen was pre-mixed with the liquid reactant

in a gas to liquid ratio of RGL=2 m3
gas/m

3
liquid. The differences in terms of hydro-

dynamics of the two reactor types seem not to influence the conversion of sorbitol.

Intra-particle mass transfer does not play a role in the overall rate of sorbitol

consumption and liquid-solid external mass transfer is orders of magnitude faster

than the reforming reaction rate (Table 4.1). Therefore, the bulk catalyst used in

the fixed bed reactor and the catalyst washcoat deposited on the microchannel

walls are comparable in terms of activity. The characterization of these catalysts

by TEM analysis confirms the same result: both presented a similar Pt particle

size (i.e. 1.5 nm), which is generally a good indicator of a comparable catalytic

activity.

4.3.2 Selectivity to hydrogen

The selectivity towards hydrogen as a function of the conversion and the reactor

type is shown in Figure 4.3. In the case of the fixed bed reactor the selectivity is

relatively low (c.a. 20%) in the range of sorbitol conversion studied. Notice that
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Figure 4.3 – Selectivity to hydrogen versus sorbitol conversion for the fixed bed reactor
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liquid at the reactor inlet, liquid flows were adjusted in each case to achieve

analogous WHSV.

these selectivity values were calculated on the basis of the total sorbitol converted

(SH2
). The hydrogen selectivity based on the carbon in the gas phase (SH2,gas

)

ranges from 63 to 78% in the case of the fixed bed reactor, very close to the values

found in the literature [35]. In this study, we have considered more appropriate to

use the first definition of hydrogen selectivity since a significant amount of the side

products of this reaction are in the liquid phase within the range of space velocities

studied. These products are mostly formed by dehydration and hydrogenation

of sorbitol and the intermediates compounds, thus representing consumption of

both sorbitol and hydrogen (i.e. increase of conversion and decrease of hydrogen

selectivity). As the sorbitol conversion increases, the hydrogen consuming reactions

contribute to a larger extent. Therefore, there is a decreasing trend in the hydrogen

selectivity as the conversion increases. For c.a. 20%<XSB<70% the selectivity

to hydrogen is nearly constant. This tendency can be explained by formation of

hydrogen from intermediates (i.e. glycerol), which confirms that the generation of

hydrogen proceeds through several consecutive steps.

Figure 4.3 shows a clear superiority of the microchannel over the fixed bed reac-

tor in terms of hydrogen selectivity. The selectivity is nearly double in the whole

conversion range. In the microchannel, it is possible to reach a larger sorbitol con-
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Figure 4.4 – Schematic representation of the mass transfer and reaction steps towards
the formation of hydrogen from sorbitol. FMT1 is the mass transfer rate of sorbitol from
the liquid to the catalyst site, FkR is the reforming reaction rate, FkH are the hydrogena-
tion reaction rates, and FMT2 is the mass transfer rate of hydrogen from the catalyst site
to the gas phase. (CHO)I, (CHO)II and (CHO)III are intermediate polyhydroxyspecies.

version with a greater hydrogen selectivity. As a result, the maximum production

of hydrogen per sorbitol feed in the microchannel significantly exceeds that of the

fixed bed reactor (i.e. 4.0 vs. 1.4 moles of hydrogen per mole of sorbitol feed,

respectively).

As schematically depicted in Figure 4.4, once hydrogen is formed over the catalyst

surface due to the reforming reaction, two competitive follow up routes are possible:

1) hydrogen consumption in side reactions; and 2) the removal of hydrogen from

the catalyst surface via mass transfer to the gas phase, where it cannot further

react. The selectivity to hydrogen is given by the relative amount of hydrogen that

is transfered to the gas phase (FMT2) respect to the total amount of hydrogen

produced (FMT2 + FkH ), or in other words, by the ratio FMT2/(FMT2 + FkH ).

Therefore, the increase in hydrogen selectivity in the case of the microchannel can

be explained on the basis of the excellent mass transfer compared to the fixed bed

reactor. The large interfacial mass transfer rate in the microchannel reactor is the

result of an increased mass transfer coefficient and a large interfacial surface area.

In principle, the increase in hydrogen selectivity in the microchannel reactor may

be ascribed to additional factors derived from the distinct hydrodynamics of this
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reactor with respect to those of the conventional fixed bed reactor. For example,

fixed bed reactors typically present problems of catalyst wettability [178], probably

not present in the microchannel reactor [81]. However, an insufficient wettability

of the catalyst is not expected in any of the two reactors. Given the hydrophilic

nature of the catalyst support and the liquid medium, it is expected that the cat-

alyst pores are rapidly filled with liquid by capillary forces during the pre-wetting

procedure. Besides, any difference in catalyst wettability would have been reflected

in the trend of sorbitol conversion of the two reactor types (Figure 4.2). Therefore,

the enhanced mass transfer for hydrogen will be the most important difference

between the two reactors and we will discuss the results accordingly. As not only

the hydrogen mass transfer is enhanced but also that of the liquid components,

the rapid surface renewal of the liquid film in the washcoated microchannel reactor

in Taylor flow will also influence on the hydrogen selectivity. The concentration of

water-soluble oxygenates on the catalyst surface determines the rate of hydrogen-

consuming side reactions, previously referred as FkH .

4.3.3 Mass transfer limitations

Table 4.1 shows the reaction rate constants and the mass transfer coefficients that

quantify the speed of each step during the transformation of sorbitol to hydrogen

(Figure 4.4). These are: the mass transfer of sorbitol from the liquid to the catalyst

active site (FMT1), the surface reforming reaction that produces hydrogen (FkR),

the reactions that consume hydrogen (FkH
), and the mass transfer of hydrogen

from the catalyst active site to the gas phase (FMT2). While the slow kinetics

of the reforming reaction are the limiting factor for the sorbitol conversion rate

(FMT1 >>FkR
), the high rate of hydrogen consumption is highly competitive with

the rate of mass transfer of hydrogen from the catalyst active site to the gas

phase (FMT2 ≈ FkH
). Therefore, the excellent mass transfer properties of the

microchannel do not have a significant effect on the conversion rate (Figure 4.2)

but strongly influence the selectivity of the reaction (Figure 4.3). By improving

the mass transfer rate, the hydrogen-consuming reactions are depressed and the

selectivity towards hydrogen is increased.

According to the values in Table 4.1, the mass transfer rate of hydrogen is improved

in the microchannel reactor with respect to the fixed bed reactor due to an increase

of both intra-particle mass transfer rate (diffusion of hydrogen through the catalyst
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Table 4.1 – Kinetic and mass transfer coefficients.

Steps Parameters Fixed bed reactor Microchannel

Mass transfer of sorbitol, FMT1

External L-S (kLSaLS)SB
[a] 10−1 100 s−1

Intra-particle φR
[b] 10−3 10−5 -

Surface reactions, FkR
and FkH

Reforming kR
[c] 10−8 10−8 s−1

Hydrogenation kH
[d] 10−3 10−3 s−1

Mass transfer of hydrogen, FMT2

Intra-particle φH
[b] 100 10−2 -

External S-L (kSLaSL)H2
[a] 10−2 10−1 s−1

External S-G (kSGaSG)H2
[e] - 10−2 s−1

[a]: Liquid-solid mass transfer coefficient estimated from correlations of Wakao et al. [177] for the
fixed bed reactor and Kreutzer et al. [79] for the microchannel; [b]: Thiele modulus calculated
assuming first order reaction as φ = L · (k/De)0.5, where L=particle diameter/6 for the bulk
catalyst, L=coating thickness for the washcoated microchannel, and De is the effective diffusiv-
ity coefficient; [c]: Reaction rate constant estimated from experimental data; [d]: Reaction rate
constant approximated using kinetic model of Brahme and Doraiswamy [184, 185]; [e]: Solid-gas
mass transfer coefficient estimated from correlations of Kreutzer et al. [79] for the microchannel.

particle) and external mass transfer rate (from the catalyst surface to the gas

phase). The intra-particle mass transfer limitations of hydrogen were quantified in

this study by the Thiele modulus (φH), although this term is typically used when

the diffusion of the reactant and the chemical reaction occur as two steps in series.

In this case, the intra-particle diffusion and the hydrogenation reaction are two

parallel steps, but still the Thiele modulus can be used as an indicative of the ratio

between the rate of hydrogenation and the rate of hydrogen diffusion through the

pores. A value of φH>0.3 indicates that the intra-particle mass transfer of hydrogen

is slower than the hydrogenation reaction [178], thus predicting a more severe effect

of hydrogenation (i.e. lower hydrogen selectivity and higher yield to hydrogenated

products). The intra-particle hydrogen diffusion limitation is prevented by the thin

catalytic layer in the microchannel reactor, whereas the larger catalyst particle size

in the fixed bed reactor results in a Thiele modulus φH>>0.3. Smaller particle

sizes in the fixed bed reactor would increase the internal diffusion rate but would

represent an increase in pressure drop, which might become significant in larger

units where longer tubes and larger liquid flow rates are used. The external mass

transfer rate of hydrogen from solid to gas is also intensified in the microchannel
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reactor under the Taylor flow regime. This is due to the large and uniformly

distributed contact area between the catalytic layer on the microchannel walls

and the gas bubbles (Figure 4.5), and due to the large mass transfer coefficient of

hydrogen from the catalyst surface to the gas bubbles through the thin liquid film

formed between these two phases [75, 79]. The high external mass transfer rate of

hydrogen has however a milder effect on the hydrogen selectivity, since it is higher

than the hydrogenation rate for both reactors.

Figure 4.5 – Formation of the Taylor flow regime in a glass micro-mixer prior to the
washcoated microchannel reactor.

4.3.4 Effect of hydrogen partial pressure

The effect of the hydrogen partial pressure on the reforming rate and on the

selectivity of APR was examined by co-feeding mixtures of hydrogen and nitrogen

at the inlet of the fixed bed reactor. The mass transfer coefficients are constant and

only the hydrogen partial pressure is varied. Figure 4.6 shows that the hydrogen

partial pressure has an inhibiting effect on the kinetics of the reforming reaction.

The negative reaction order of hydrogen concentration on the reforming kinetics,

which can be attributed to a decrease in the availability of the catalyst active

sites, might also explain the saturating tendency observed in Figure 4.2 as the

conversion increases. As the hydrogen partial pressure increases with increasing

residence time, the reforming rate decreases.

The higher selectivity to hydrogen observed in the microchannel reactor with re-

spect to the fixed bed reactor resulted in higher concentrations of hydrogen in

the gas phase (Figure 4.7). A stronger inhibiting effect of the hydrogen concentra-

tion on the reaction kinetics would be expected in the case of the microchannel

reactor. Nevertheless, no significant difference was observed in the sorbitol con-

version achieved by the two reactors (Figure 4.2). This suggests that the higher

mass transfer coefficient in the microchannel reactor leads to a reduction of the
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liquid at the reactor inlet, with increasing hydrogen concentration in the inlet gas

feed from 0 to 100%.

hydrogen concentration over the catalyst surface, thus minimizing the inhibiting

effect of hydrogen on the reforming rate.

According to Figure 4.6, the hydrogen partial pressure also presents a negative

effect on the selectivity towards hydrogen. The negative values of SH2 observed

at hydrogen pressures above 4 bar are explained by a net mass transfer of hy-

drogen from the gas phase to the catalyst surface where it is consumed in side

reactions.The total amount of hydrogen consumed is greater than the amount of

hydrogen produced.

4.3.5 Effect of nitrogen addition

According to our analysis, the selectivity towards hydrogen depends on the mass

transfer rate of hydrogen from the catalyst surface to the gas phase. This was

enhanced by a combination of two factors: increase of the mass transfer coeffi-

cient (microchannel operating under Taylor flow regime vs. fixed bed reactor);

and increase of the driving force for the mass transfer by a decrease of the hy-

drogen concentration in the gas phase (addition of nitrogen). The combined effect

of these factors is observed in Figure 4.8, where the conversion and the selec-

tivity to hydrogen have been compared for two different gas to liquid ratios at
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flows were adjusted in each case to achieve analogous WHSV.

the inlet. If only liquid is fed to the microchannel reactor and the conversion to

gaseous products is limited, the development of the desired Taylor flow regime

in the microchannel is not successful. The gas produced is highly concentrated

in hydrogen, thus limiting the possibility of hydrogen removal from the catalyst

surface via mass transfer to the gas phase. In this case, the performance of the

microchannel reactor is analogous to that of the fixed bed reactor. The effect of

adding nitrogen as stripping agent is beneficial for both reactors. The conversion

is increased due to a kinetic effect of reducing hydrogen partial pressure. The se-

lectivity also raises due to an increase of the driving force for the mass transfer.

The increase in selectivity is larger in the case of the microchannel reactor due to

an increase in the mass transfer coefficient.

4.3.6 Reaction mechanism

So far we have simplified the surface chemistry to two types of reactions: one that

produces hydrogen (i.e. the reforming reactions), and another that consumes hy-

drogen. Earlier investigations on APR [22, 36] reveal a more complicated chemistry

comprising many chemical reactions and intermediates (Figure 4.9). The general
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Figure 4.8 – Effect of gas to liquid ratio at the reactor inlet (RGL) on the sorbitol
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belief is that hydrogen is produced by initial dehydrogenation of the substrate,

followed by decarboxylation or decarbonylation and water gas shift on the metal

sites (i.e. the reforming pathway) [34]. This pathway leads to the production of

hydrogen, CO2 and a series of smaller carbohydrates that are sensitive to further

reforming reactions. In a hydrogen rich medium, direct hydrogenolysis of the in-

ternal C-C bonds of sorbitol may also occur [186] on the metal sites. Due to the

large yields to glycerol, we believe that direct hydrogenolysis of the intermediate

C-C bond is one of the preferential routes. In addition to C-C cleavage reactions,

sorbitol and the smaller carbohydrates undergo the dehydration of the C-O bonds,

catalyzed by the acid support (i.e. AlO(OH)) or the liquid medium, followed by

hydrogenation of the dehydrated intermediates on the metal sites [34, 187]. Suc-

cessive dehydration/hydrogenation of the intermediates leads to a wide variety of

water soluble hydrodeoxygenated species bearing from 1 to 6 carbon atoms with a

reduced OH/C ratio. The bi-functionality of the catalyst also favors rearrangement

reactions of the substrate and the intermediate products towards the production

of organic acids, aldehydes, ketones and ring compounds like furan derivatives [35].

Further dehydration and hydrogenation of these species results in the formation

of C1 to C6 alkanes.
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4.3.7 Product distribution

Figure 4.10 shows the distribution of carbon within the gas and the liquid phase

products at 25% of sorbitol conversion for the two reactor types. In both cases,

the largest fraction in the gas phase is CO2, which is the product of the reforming

pathway. No CO was detected in any of the experiments conducted. This may be

due to the low reaction temperature and the high concentration of water that shift

the water-gas-shift reaction towards the formation of CO2. It may also indicate

that CO2 is mainly produced by decarboxylation, rather than decarbonylation and

water-gas-shift. According to the results of the present study, it is not possible to

elucidate on the preferential route for CO2 production. Further research should

be conducted to unravel this question, which lays outside the scope of this work.

Minor amounts of C1-C3 alkanes were found, while only traces of C4-C6 alkanes

were detected (i.e. yields lower than 0.05%). In the liquid phase, the C3 fraction

is noticeably larger than the rest, followed by C6, C5 and C4 species. In these

fractions, a significant amount of hydrodeoxygenated species (e.g. 1,2 propane-

diol, butanediols, furan derivatives, isosorbide) are found. These results suggest

an important rate of hydrogenolysis of the intermediate C-C bond of sorbitol to-

wards C3 products, as well as a significant rate of the dehydration/hydrogenation

reactions due to a highly acidic (catalyst support/liquid phase) and hydrogen rich

environment. The conversion of these species to alkanes is expected to occur at

larger residence times [35].

Figure 4.10 also highlights a different chemistry in each reactor type. The yield of

CO2 is distinctively higher in the case of the microchannel reactor than that in
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Figure 4.10 – Yield to carbon containing products in the fixed bed reactor (black area)
and the microchannel reactor (gray area) at 25% conversion. Gas-C1: CH4; Gas-C2: C2H6;
Gas-C3: C3H8; Liquid-C1: methanol; Liquid-C2: ethanol, ethylenglycol, glycolaldehyde
and acetic acid; Liquid-C3: see Figure 4.11; Liquid-C4: 1,2-butanediol; 2,3-butanediol,
butyric acids, 3-hydroxydihydro-2-furanone and butyrlactone, Liquid-C5: 1,2-pentandiol,
pentanoic acid, 5-hydroxymethyldihydrofuran-2-one, 2-metyltetrahydrofuran, xylofura-
nose; and Liquid-C6: 2-hexanol, isosorbide and sorbitan. Unbalance below 5%

the fixed bed reactor, suggesting that the reforming pathway is facilitated in the

former respect to the latter. This difference is attributed to the increased mass

transfer rate of the hydrogen from the catalyst active site to the inert gas phase in

the microchannel reactor, which aids the rapid turnover of the catalyst sites and

therefore favors the rate of C-C cleavage reactions. On the other hand, the yield

to heavier liquid products, in particular to C3 species, is remarkably higher in the

case of the fixed bed reactor. A breakdown of the yield to the main components

of the C3 fraction is given in Figure 4.11. Formation of glycerol, the major side

product in this fraction, is clearly more pronounced in the fixed bed reactor. That

can be explained by a more rapid hydrogenolysis of the sorbitol due to a higher

concentration of hydrogen at the surface of the bulk catalyst in the fixed bed

reactor.

Further conversion of glycerol can explain the production of the remaining com-

ponents of the C3 fraction. Earlier studies on glycerol conversion propose the for-

mation of glyceraldehyde via dehydrogenation of glycerol on the active metal and
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Figure 4.11 – Breakdown of yield to carbon containing products in the C3 fraction
in the fixed bed reactor (black area) and the microchannel reactor (gray area) at 25%
conversion.

the production of hydroxyacetone via dehydration on the acid sites [40]. The rel-

ative amounts of glyceraldehyde and hydroxyacetone are nearly the same in both

reactor types, suggesting an analogous balance between dehydrogenation and de-

hydration reactions (i.e. comparable balance metal/acid sites) in both cases. This

is in line with the initial statement of the two catalytic systems being comparable

in terms of their reactivity. These two intermediates may undergo a sequence of hy-

drogenation reactions towards 1,2-propanediol. With respect to the microchannel

reactor, in the fixed bed reactor the yield to 1,2-propanediol relative to the total

yield to C3 products is significantly higher, whereas that of the intermediates (i.e.

glyceraldehyde and hydroxyacetone) is lower. This indicates that the selectivity

for hydrogenation reactions is remarkably higher in the fixed bed reactor. An im-

portant amount of propionic acid is also detected in both reactors. This suggests

a significant contribution of the rearrangement reactions to the overall reaction

network. This acid may be produced by the reaction between glyceraldehyde and

water, with a subsequent sequence of dehydration and hydrogenation reactions.

The yield to this product with respect to the total yield to C3 products is slightly

larger in the case of the fixed bed reactor.

We have previously presented that the addition of hydrogen to the inlet of the re-
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Figure 4.12 – Effect of hydrogen partial pressure on the yield to CO2, glycerol and
1,2-propanediol in the fixed bed reactor. Reaction conditions: 220◦C, 35 bar, 1 wt.%
of sorbitol in water, liquid flow rate of 7 ml/h, RGL=2 m3
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3
liquid at the inlet, with

increasing hydrogen concentration in the inlet gas feed from 0 (light gray area) to 100%
(black area).

actor represented a decrease in the reaction rate and the hydrogen selectivity. This

was attributed to the preferential hydrogenation of the substrate and its interme-

diates rather than the desired reforming pathway with increasing hydrogen partial

pressures. The yield to the most significant carbon containing products obtained

at different hydrogen partial pressures is given in Figure 4.12. A higher hydrogen

concentration is detrimental for the conversion to CO2. Instead, the addition of hy-

drogen enhances the conversion to glycerol and 1,2-propanediol via hydrogenolysis

of C-C and C-O bonds. There is a consistency between the products that are en-

hanced when increasing the hydrogen partial pressure and those that were favored

in the fixed bed reactor with respect to the microchannel reactor. This suggests

that the main difference between these reactors is the concentration of hydrogen at

the catalyst surface, and therefore its availability to participate in hydrogenolysis

reactions. This is in line with the previous argument of the microchannel reac-

tor offering a more rapid removal of hydrogen from the catalyst surface and thus

favoring the hydrogen producing reactions while preventing hydrogen consuming

reactions.
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4.3.8 Practical considerations

Whereas the technology of fixed bed reactors is well established, for a practical im-

plementation of the microreactor concept, several considerations should be taken

into account. Since the catalyst is immobilized on the microchannel walls, the re-

covery and regeneration of the catalyst is difficult. Therefore, the catalyst stability

is an important requirement. In this study, a washcoated microchannel was tested

for 3 weeks of time on stream. This test included numerous runs at various reaction

conditions, as well as several intermediate checks at the same reaction conditions

to identify any loss of activity. During this time, the catalytic activity remained

constant. Further discussion on the stability of this catalytic system under APR

conditions is given in our previous work [183]. The use of nitrogen as stripping

agent introduces some concerns regarding the production costs, which can be mit-

igated by recirculation of this gas after the hydrogen content is consumed, for

example, in a PEM fuel cell. Combustion of the alkane fraction of the gaseous

products can be conducted on the outer side of the microchannels to supply the

heat of the reaction. Due to the large surface to volume ratio, microchannel re-

actors are also very efficient heat exchangers [71]. In a final hydrogen generation

unit, the desired production scale can be achieved by parallelization of identical

microchannels in a stack configuration with intermediate heating. Nevertheless,

numbering up of multiphase microchannel reactors is a field still under develop-

ment. Promising results have been recently published in our group with gas-liquid

applications that can meet a small/medium production scale [188].

4.4 Conclusions

The Pt-based washcoated microchannel reactor for aqueous phase reforming of

sorbitol, combined with nitrogen stripping, has excellent mass transfer from the

catalyst active site to the inert gas phase, which aided the rapid removal of hydro-

gen from the catalyst surface and limited its availability to participate in unde-

sired hydrogenation reaction. With respect to a fixed bed reactor, the selectivity

to hydrogen obtained in the microchannel reactor was increased by a factor of 2

regardless the sorbitol conversion. The yield of hydrogen was increased from 1.4 to

4 moles per mole of sorbitol fed. The mass transfer properties of the microchannel

reactor did not affect the rate of sorbitol consumption, which is limited by the
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kinetics of the reforming reaction. Hydrogen inhibits the reforming reaction and

favors side -hydrogen consuming- reactions. A decrease of the hydrogen partial

pressure is beneficial in both the microchannel reactor and the fixed bed reactor.

These benefits are more significant for the microchannel reactor, since it combines

the effect of a reduced hydrogen partial pressure in the gas phase with a high mass

transfer coefficient, resulting in a greater reduction of the hydrogen concentration

at the catalyst. This has significant implications on the product distribution. The

analysis of the products reveals an important contribution of the hydrogenolysis

of the C-C and C-O bonds of sorbitol and its intermediates as an important source

of hydrogen selectivity loss. The most significant products of the hydrogen con-

suming reactions are water-soluble C3 species like glycerol and 1,2-propanediol,

followed by heavier hydrodeoxygenated compounds in the C6, C5 and C4 frac-

tions. The formation of these species raises when the hydrogen partial pressure

increases. Since the hydrogen concentration at the catalyst surface is lower in the

microchannel reactor, the yield to the hydrogenated products is severely depressed

while the products of the reforming route (i.e. CO2) are remarkably increased.





5
Aqueous Phase Reforming of Sorbitol in a

Washcoated Microchannel Reactor

with a Pt-Ru Bimetallic Catalyst

This chapter has been adapted from: Neira D’Angelo, M. F., Ordomsky, V., Van der
Schaaf, J., Schouten, J. C., & Nijhuis, T. A. (2014). Continuous hydrogen stripping
during aqueous phase reforming of sorbitol in a washcoated microchannel reactor with a
PtRu bimetallic catalyst. International Journal of Hydrogen Energy, 1-8.

Abstract

Aqueous phase reforming of sorbitol for hydrogen production was conducted in a Pt-Ru-
washcoated microchannel reactor operated under the Taylor flow regime with continuous
hydrogen stripping. The Pt-Ru bimetallic catalyst increases the catalytic activity by a
factor of 2-3 . However, in a reference case (with no hydrogen stripping), the Pt-Ru
bimetallic catalyst resulted in a decrease of the hydrogen selectivity by a factor of 3 with
respect to the reference monometallic Pt. By operating the Pt-Ru-washcoated micro-
channel reactor under the Taylor flow regime with simultaneous hydrogen production
and hydrogen stripping we were able to maintain the benefits in catalyst activity while
the selectivity to hydrogen was greatly increased with respect to the reference case with
no stripping. The combined effect of a more active catalyst with the benefits of this
reactor configuration in terms of selectivity led to an overall increase of the hydrogen
production rate from 0.2 to 6.6 min−1. Increasing the reaction temperature from 220 to
240 ◦C in this reactor configuration resulted in a further increase in the conversion of
sorbitol and a mild increase in the selectivity to hydrogen (from 30 to 70 % and from
35 to 39 % respectively). The use of hydrogen stripping was essential to combine high
activities and high selectivities. This reactor configuration allows operating under more
reactive conditions (i.e. more reactive catalyst and higher reaction temperatures) without
significant loss in hydrogen selectivity.
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5.1 Introduction

The advent in fuel cell technologies [156] has promoted the interest in hydrogen

as an energy carrier. Its utilization may introduce alternative fuels as an energy

source to accelerate the shift from petroleum to renewable resources. The conver-

sion of (bio)carbohydrates into hydrogen can be efficiently done by aqueous phase

reforming (APR) [6, 7].

CnH2mOn + nH2O −−⇀↽−− nCO2 + (m + n)H2 (5.1)

Unlike the conventional gas phase reforming processes (e.g. steam reforming), APR

takes place in the liquid phase at mild conditions (ca. 200 oC and autogeneous pres-

sure), typically over a Pt-based catalyst [20]. Consequently, APR requires lower

energy consumption, involves fewer reaction steps and leads to a lower amount of

CO in the gas stream than steam reforming of light hydrocarbons [23]. Neverthe-

less, the benefits of APR are hindered by the low hydrogen yield, which results

from the large probability of hydrogenation of the highly functionalized substrate

and reaction intermediates.

According to our previous investigation [160] (reported in Chapter 4 of this the-

sis), the yield to hydrogen via APR can be significantly enhanced by conduct-

ing this reaction in a washcoated microchannel reactor combined with hydrogen

stripping. This was mainly attributed to the excellent mass transfer characteris-

tics of this system, which aided the rapid removal of hydrogen from the catalyst

surface to the inert gas phase and limited its consumption in further hydrogena-

tion/hydrogenolysis reactions. The interfacial mass transfer rate was, however,

only influencing the selectivity to hydrogen since the overall reaction rate was ki-

netically limited. Therefore, more reactive conditions (e.g. a more active catalyst

or higher reaction temperature) are needed to increase the reaction rate. Recent

studies reveal that the introduction of a second metal to the Pt catalyst can in-

crease the catalytic activity during APR [13, 39]. For example, Kunkes et al. [189]

has evidenced how Ru promotes the activity of Pt catalyst during reforming of

glycerol due to a decrease in the interaction of CO with Pt, thereby leading to

faster turnover of the catalyst sites. Pt-Ni, Pt-Co, Pt-Fe [52] and Pt-Re [40] are

other examples of bimetallic systems that have been proposed for APR. Neverthe-

less, the addition of a second metal may also alter the catalyst characteristics in
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C6H14O6

N2

OH

OH

... Pt-Ru/AlO(OH)

...
H2+

Figure 5.1 – APR of sorbitol in a PtRu/AlO(OH) washcoated microchannel operated
under the Taylor flow regime.

terms of C-C / C-O bond cleavage, and thus the hydrogen selectivity.

This study focuses on the synergy between catalyst design and reactor engineering.

In particular, we aim at combining the benefits of a bimetallic system in terms of

catalyst reactivity, which usually goes at the expense of hydrogen selectivity, with

those of the microchannel reactor in terms of hydrogen selectivity [160]. For that

purpose, we have prepared a Pt-Ru catalyst supported on AlO(OH) washcoat layer

with 5 µm thickness, deposited on the inner walls of a 320 µm ID microchannel

reactor according to the methodology earlier reported in Chapter 3 [183]. The

catalytic activity of this Pt-Ru/AlO(OH) washcoated microchannel reactor was

tested for APR of sorbitol (Reaction 5.2), and compared to that of the Pt and Ru

monometallic systems.

C6H14O6 + 6H2O −−⇀↽−− 6CO2 + 13H2 (5.2)

Although sorbitol was used herein as a model carbohydrate, the conclusions drawn

from this work are expected to be applicable to other carbohydrates as well.

5.2 Experimental

5.2.1 Catalyst preparation

The catalyst washcoat layers were prepared in two steps as discussed in Chaper

3 [183]. First, an AlO(OH) support layer was deposited on the inner walls of a

1 m long, 320 µm ID fused silica microchannel. Second, the active metal (or the

combination of metals) was immobilized on the support by impregnation using

a solution of Pt(C5H7O2)2 and/or Ru(C5H7O2)3 in CH2Cl2. Activation of this

catalyst was done by calcination at 350 ◦C for 6 h and reduction at 220 ◦C under

hydrogen flow for 2 h prior to reaction.

Three catalytic washcoated microchannel reactors were prepared for this study: 1)
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Figure 5.2 – Scheme of experimental setup for APR of sorbitol.

Pt/AlO(OH); 2) Ru/AlO(OH); and 3) Pt-Ru/AlO(OH). These samples are from

now on referred to as Wash-Pt, Wash-Ru and Wash-PtRu, respectively. According

to SEM and ICP analysis, these samples presented a washcoat thickness of 5 µm

with a loading of 2.0, 1.6 and 1.6 wt.% of active metal respect to the catalytic

support. In the case of the bimetallic system, the loading is expressed as total

active metal. The relative amount of Pt and Ru was 1:1 in molar basis.

5.2.2 APR of sorbitol

Each washcoated microchannel reactor was connected to the experimental setup

schematized in Figure 5.2, which has been described in previous chapters. The

experimental procedure was also the same as that described in Chapter 4. In this

case, APR of sorbitol is conducted at 35-40 bar and 220-240 ◦C, using an aqueous

solution of 1 wt.% sorbitol. The liquid flow rate was varied in each experiment to

achieve an analogous conversion of sorbitol with all the washcoated microchannel

reactors. In some of the experiments, nitrogen is used as stripping agent. The flow

rates of nitrogen were adjusted accordingly to maintain a gas to liquid ratio at

the reactor inlet, RGL, of 0-2 m3
gas/m

3
liquid at reaction conditions. Gas and liquid

samples are collected periodically every ca. 20 min and 1 h respectively, until the

system reaches stable conditions (ca. 5 h). For the studies on catalyst stability,

the data collection was extended for more than 100 h. The analysis of the samples

was done in the same fashion as described in Chapter 4.
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5.2.3 Sorbitol conversion and hydrogen selectivity

The conversion of sorbitol (XSB), and the selectivity to hydrogen on the basis of

the sorbitol converted (SH2
) or on the basis of the gas phase products (SH2,gas

)

were calculated as follows:

XSB(%) = (FSB, in − FSB, out)/FSB, in × 100

SH2
(%) = FH2

/(13× FSB, in × XSB

100
)× 100

SH2,gas
(%) = FH2

/(13/6× FC, gas)× 100

TOFH2
(min−1) = FH2

/NMetal

where FSB, in and FSB, out are the molar flows of sorbitol at the inlet and outlet

respectively, FH2
is the molar flow of hydrogen produced, FC, gas is the molar flow

of carbon atoms in the gas phase products, and NMetal is the number of moles of

active metal. Notice that the selectivity to hydrogen was calculated in two different

ways (i.e. SH2
and SH2,gas

). The first definition accounts for all the by-products

(liquid and gas) and is therefore more realistic in this study since we observed a

significant amount of products in the liquid phase at all space velocities studied.

The second definition is widely used in the literature [22, 35] since the liquid phase

compounds may eventually convert to gas phase products at larger residence times.

According to the second definition, only the gas phase products are considered as

end products.

5.3 Results

5.3.1 Catalyst characterization

The TEM analysis of the catalytic layers is given in Figure 5.3. These images

reveal the formation of uniform dispersion of particles with an average particle

size of 1.7 nm in the case of the Pt/AlO(OH) washcoat layer. When only Ru is

loaded on the support layer, the particles show slightly more aggregation than

the Pt nanoparticles. The average Ru particle size is 2.2 nm. When both metals

are impregnated simultaneously on the support layer, the formation of particles
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is very similar to that observed in the case of the Wash-Pt layer, with an average

particle size of 1.5 nm. This suggests that the addition of Ru to Pt results in

the formation of bimetallic nanoparticles with less tendency to sinter than the

monometallic particles. Reduced aggregation of the nanoparticles was also found

by Ho-Dong Kim et al. [41] when Pt was alloyed with Re.
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Figure 5.3 – TEM images of Pt (a), Pt-Ru (b), Ru (c), and particle size distribution
(d).

5.3.2 APR of Sorbitol

The catalysts in the washcoated microchannel reactors used in this study showed

stable performance (see Figure 5.4). Wash-Pt and Wash-PtRu were tested for more

than 100 h of time on stream with no signs of deactivation. Wash-Ru was only

tested for 24 h, and the same stable performance was observed within this period.

Since Wash-Ru is not an interesting catalytic system for the purpose of this work
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Figure 5.4 – Sorbitol conversion and hydrogen selectivity versus time on stream for
the microchannel reactors Wash-PtRu. Reaction conditions: 220◦C, 35 bar, 1 wt.% of
sorbitol in water, RGL=2 m3

gas/m
3
liquid at the reactor inlet.

(focused on the production of hydrogen), further testing of its catalytic stability

during a longer time on stream was considered unnecessary.

Effect of active metal (without hydrogen stripping)

The catalytic activity of the samples Wash-Pt, Wash-Ru and Wash-PtRu for the

aqueous phase reforming of sorbitol with no hydrogen stripping are shown in Ta-

ble 5.1 and in Figure 5.5. The results of runs #1 and 2 reveal that both Pt and

Ru are active catalysts for APR of sorbitol, being Pt the most active catalyst for

the production of hydrogen. The Pt-catalyzed reaction reaches nearly the same

conversion and a greater selectivity to hydrogen with lower residence time than

the reaction catalyzed by Ru, which on the other hand leads to a large amount of

methane in the gas phase. With respect to these two monometallic systems, the

addition of Ru to Pt shows a significant increase in the reaction rate. Compared

to the reaction over Pt, the conversion over Pt-Ru reaches the same conversion in

approximately one third of the residence time. This result is in good agreement

with the previous investigation of Kunkes et al. [189] on the reforming of glyc-

erol to hydrogen on Pt-based bimetallic catalyst, later supported by the work of

Chang et al. [190]. According to these studies, the promotional effect of Ru to

Pt is attributed to a decrease in the binding energy of CO and hydrogen on the
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surface, which results in faster turnover frequencies of the catalyst sites. Another

possible interpretation could be based on the increased C-C activity of the Ru

catalyst respect to that of the Pt catalysts. Monometallic Ru, however, is not as

good a catalyst as Pt or Pt-Ru since the conversion over the Ru surface is limited

by the initial dehydrogenation of the polyol. Combined with Pt, a faster dehydro-

genation is coupled with a fast C-C cleavage activity, leading to a higher overall

activity. Nevertheless, Ru also presents a important activity in hydrogenolysis and

methanation reactions, leading to large yields to methane and other alkanes in the

gas phase. The bimetallic system results in a lower selectivity to hydrogen with

respect to monometallic Pt. The decrease of the selectivity to hydrogen calculated

on the basis of the gas phase products is significant (i.e. from nearly 90 to below

20%). This underlines the increase of the yield to gas phase alkanes when Ru is

added to Pt, which leads to a nearly neutral effect in terms of hydrogen production

(TOFH2
) in the reaction conditions used in this work.
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Effect of hydrogen stripping

In our previous investigation with a Pt-based washcoated microchannel reactor

[160], we demonstrated the absence of mass transfer limitations in the overall rate

of sorbitol consumption. Nevertheless, the mass transfer of hydrogen was found to

be competitive with the rate of the undesired side -hydrogen consuming- reactions.

Therefore, the combination of the APR reaction with a continuous stripping of

hydrogen by co-feeding of the liquid reactant with nitrogen gas in a Taylor flow

regime benefited the selectivity to hydrogen. In addition, reducing the hydrogen

concentration with the presence of nitrogen resulted additionally beneficial for the

kinetics of the reforming reaction. This is reflected in the results of run #4 in com-

parison with those of run #1. After the same contact time, both the conversion and

the selectivity to hydrogen were increased by a factor of 2.4 and 5.2 respectively.

Effect of active metal (with hydrogen stripping)

The combined effect of a more active catalytic system (i.e. Pt-Ru) with the addi-

tion of nitrogen is shown in Figure 5.6. As expected, the addition of nitrogen gas as

stripping agent results in an increase in the reforming rate regardless of the active

metal. Since the overall reaction rate is kinetically limited, the introduction of a

more active catalyst showed a significant effect on the reforming rate. Similarly to

the experiments conducted without hydrogen stripping, the addition of Ru to Pt

resulted in an increase in the catalytic activity by a factor of ca. 1.5 when nitrogen

is added as stripping agent.

Regardless of the active metal, higher conversions of sorbitol can be achieved by

increasing the feed concentration while maintaining the same residence time and

flow distribution. Due to some constrains related to the use of microchannel re-

actors (i.e. small amounts of catalyst per unit length, and low flow rates of gas

and liquid), a diluted stream of sorbitol was used in this study. Higher feed con-

centrations can be processed, for example, by extending the microchannel length.

Increasing the loading of active metals per gram of support is also possible with

a multiple impregnation procedure with intermediate calcination steps. Neverthe-

less, the influence of this methodology on the performance of the resulting catalyst

should be further investigated.

Figure 5.7 shows the selectivity to hydrogen as a function of the conversion of sor-

bitol obtained by simultaneous hydrogen stripping and APR over Pt and Pt-Ru.
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Figure 5.6 – Sorbitol conversion versus residence time in the microchannel reactors
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Whereas the addition of Ru to Pt resulted in a decrease in hydrogen selectivity

when only liquid was fed to the microchannel reactor, the selectivity to hydrogen

was nearly the same when simultaneous hydrogen stripping and APR of sorbitol

was conducted over Pt-Ru with respect to the analogous reaction over monometal-

lic Pt. This result shows the synergism between catalysis and reactor engineering.

The potential of the Pt-Ru bimetallic catalyst is clearly enhanced by conducting

APR of sorbitol in a washcoated microchannel with continuous hydrogen stripping.

This reactor configuration allows us to take a greater advantage of this catalyst,

the performance of which is constrained otherwise by a low selectivity to hydrogen.

Therefore, the addition of an equimolar amount of Ru to Pt is highly beneficial for

the production of hydrogen via APR of sorbitol when this reaction is conducted

with simultaneous hydrogen stripping. In addition to the decrease in cost of the

catalyst (i.e. according to the prices published by Johnson Matthey in September

2013, Ru is over 20 times less expensive than Pt), the increase in both conversion

and hydrogen selectivity results in a great increase in the TOFH2
(expressed per

mole of total loaded active metal) in the case of the Pt-Ru bimetallic system

with respect to the monometallic Pt (Figure 5.8). As expected, an increase of

the residence time leads to an increase of the conversion of sorbitol, although

this also results in a decrease of the selectivity to hydrogen. This is due to the

high probability of hydrogen consuming reactions between the hydrogen produced
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Table 5.2 – Experimental results of APR of sorbitol over Wash-PtRu and τ=12 s.

Run T[a] P[b] RGL XSB SH2
SH2,gas

TOFH2

[c]

# ◦C bar m3
N2

/m3
liq % % % min−1

1 220 35.0 0 12 2.3 17 0.28
2 240 45.3 0 49 4.9 20 1.48
3 220 35.0 2 30 35 83 6.56
4 240 45.3 2 71 39 77 11.5

[a]: Temperature; [b]: Pressure = Pv(T) + 12.1, where Pv(T) is the vapor pressure of water at
the reaction temperature; [c]: based on total amount of metal loaded.

and the substrate and the reaction intermediates. As a consequence, the TOFH2

decreases with increasing conversion for both catalysts under consideration.

Effect of temperature

The increase of reaction temperature is a common alternative to increase the

production rate in a kinetically limited system. However, this often results in a

decrease of the selectivity towards the desired product. In the system under con-

sideration, an increase in temperature favors the rate of the C-C scission reaction

but hinders the equilibrium in the WGS reaction towards the formation of hydro-

gen, while the rate of the hydrogenation reaction also increases. This can cause

a decrease in the selectivity to hydrogen. On the other hand, an increase in tem-

perature also results in a larger production of water vapor, which in principle can

benefit the reaction kinetics and the hydrogen selectivity in a similar way as the

addition of nitrogen gas does, by increasing the interfacial area for mass transfer.

The temperature would also affect the partial pressure of gaseous products (and

thus the reaction rate [161]) if the absolute pressure was to remain constant. No-

tice that the sum of the vapor pressure of water (Pv), which increases with the

temperature, and the partial pressures of the remaining gases (
∑

Pgases) equals to

the absolute pressure of the system (P):

P = Pv +
∑

Pgases = Pv + PN2
+ PH2

+ PCO2
Palkanes

To study the effect of temperature during APR, the reaction was conducted at

220 to 240 ◦C with and without hydrogen stripping. In order to maintain the sum

of partial pressure of products (
∑

Pgases) constant, the absolute pressure (P) was

increased according to the increase of Pv. As shown in Table 5.2, when increas-
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ing the reaction temperature from 220 to 240 ◦C with no hydrogen stripping, the

conversion of sorbitol increases by a factor of 4. This result is attributed partially

to the direct effect of temperature on reaction kinetics, and partially to the effect

of the increase in steam production. The selectivity to hydrogen based on sorbitol

conversion also increases due to an overall increase in the C-C cleavage reactions

that yield gas phase products. The selectivity to hydrogen slightly increases due

to the positive effect of increasing the steam formation. When conducting simul-

taneous APR and hydrogen stripping, an increase of the temperature from 220 to

240 ◦C still represents a large increase in the sorbitol conversion (i.e. by a factor

of 2.3), whereas the selectivity to hydrogen on the basis of gas phase products

remains nearly the same. Notice that the selectivity to hydrogen on the basis of

gas phase products is slightly reduced due to the increase in the rate of the hydro-

genation reactions towards alkanes. According to these results, the overall effect of

increasing the reaction temperature within the range considered for this study is

beneficial for the production of hydrogen regardless there is or not hydrogen strip-

ping. However, these benefits seem to level off when there is hydrogen stripping.

The introduction of a stripping agent allows us to increase the reactivity of this

reaction with no significant detriment in the selectivity to the desired product. A

significant observation is that the production rate of hydrogen can be increased

to a much larger extent by introducing a hydrogen stripping stream (run#1 vs.

run#3) than by increasing the reaction temperature (run#1 vs. run#2).

Effect of gas to liquid ratio

Figure 5.9 shows the effect of the addition of nitrogen on both conversion of sor-

bitol and hydrogen selectivity at a constant liquid flow rate (and thus constant

residence time). As can be observed, the addition of nitrogen gas benefits both

the conversion of sorbitol (due to a decrease of the hydrogen concentration on

the catalyst surface that increases the reaction rate) and the hydrogen selectivity

(due to a rapid removal of hydrogen from the catalyst surface that minimizes the

extent of side reactions). The conversion of sorbitol increases from nearly 50 to 70

% when nitrogen is co-fed with the liquid reactants in a gas to liquid flow ratio of

1 m3
gas/m

3
liquid, with respect to a reference case in which no nitrogen is fed at the

reactor inlet. Increasing the gas to liquid flow ratio to 2 m3
gas/m

3
liquid does not lead

to a further increase of the sorbitol conversion. In other words, a greater decrease
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Figure 5.9 – Sorbitol conversion, and hydrogen selectivity as a function of gas to liquid
ratio RGL at the reactor inlet with the microchannel reactor Wash-PtRu at τ=12 s.
Reaction conditions: 240◦C, 45.3 bar, 1 wt.% of sorbitol in water.

of the hydrogen concentration does not influence significantly the reaction rate.

The increase of the hydrogen selectivity when adding nitrogen gas at the reactor

inlet does not reach a saturation point within the range from 0 to 2 m3
gas/m

3
liquid

gas to liquid ratio. Instead, with the incremental addition of nitrogen, the hydrogen

selectivity presents a continuous increase that is expected to level off at a larger

value of gas to liquid ratio. The benefit of hydrogen stripping on the hydrogen

selectivity is more pronounced, and is extended for a larger range of gas to liquid

ratios than that on the sorbitol conversion. This is attributed to the fact that the

benefit of hydrogen stripping on hydrogen selectivity is the result of two contribu-

tions. First, the addition of nitrogen gas decreases the hydrogen partial pressure

in the gas phase; and second, it increases the overall mass transfer coefficient of

hydrogen from the solid catalyst to the gas phase (kSG · aSG). The combination of

these two trends leads to an overall increase of the hydrogen mass transfer rate

from the catalyst to the gas phase. As a result of increasing both the sorbitol

conversion and the hydrogen selectivity at the same residence time, the TOFH2

increases nearly 10 times. A further increase of the hydrogen production rate is

expected at larger gas to liquid ratios. However, this has direct implications on

the operational costs, since an additional stream of a stripping agent is required.
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In this case, further separation and recirculation of the stripping gas would be es-

sential for practical implementation. Optimization of the gas to liquid ratio should

be possible as a trade off between economic and kinetic/selectivity factors.

5.4 Conclusions

Aqueous phase reforming of sorbitol was conducted in a Pt-Ru-washcoated micro-

channel reactor. The Pt-Ru bimetallic catalyst presented an increased activity for

APR of sorbitol with respect to the reference monometallic Pt (i.e. nearly 3 times

lower residence time to achieve analogous conversion), whereas the selectivity to

hydrogen was decreased, leading to a nearly neutral effect in terms of hydrogen

productivity. Operating the microchannel reactor under the Taylor flow regime

by addition of a nitrogen gas stream that acts as hydrogen stripping agent is

beneficial for both conversion of sorbitol and selectivity to hydrogen, demonstrat-

ing a synergism between the catalyst design and the reactor configuration. The

combined effect of a more active catalyst with the benefits of this reactor con-

figuration in terms of activity and selectivity leads to an overall increase of the

hydrogen production rate. Increasing the reaction temperature from 220 to 240
◦C resulted in a large increase in the conversion of sorbitol regardless the use of

hydrogen stripping. Although the selectivity to hydrogen is not significantly di-

minished by the increase in reaction temperature, the use of hydrogen stripping

is essential to couple high activities and high selectivities. Increasing the nitrogen

flow ratio with constant liquid flow rate is beneficial in terms of sorbitol conversion

and selectivity to hydrogen. Whereas the increase in sorbitol conversion reaches

a saturation point at a ratio of 1 m3
N2

/m3
liq, the selectivity to hydrogen shows a

continuously increasing trend in the range from 0 to 2 m3
gas/m

3
liquid. Optimization

of the nitrogen to liquid flow ratio should be evaluated as a trade off between

economic and kinetic/selectivity aspects. This reactor configuration allows us to

operate under more reactive conditions (i.e. more reactive catalyst and higher

reaction temperatures) without significant loss in hydrogen selectivity.
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One-pot APR & Hydrogenolysis

over a Mixture of Pt and Ru Catalysts

This chapter has been adapted from: Neira D’Angelo, M. F., Ordomsky, V., Van der
Schaaf, J., Schouten, J. C., & Nijhuis, T. A. (2014). Selective production of methane
from aqueous biocarbohydrate streams over a mixture of platinum and ruthenium catalysts.
ChemSusChem, 7(2), 627-30.

Abstract

A one-step process for the selective production of methane from low-value aqueous carbo-
hydrate streams is proposed. Sorbitol, used herein as a model compound, is fully converted
to methane, CO2, and a minor amount of hydogen by using a physical mixture of Pt and
Ru (1:5 in mass basis) at 220 ◦C and 35 bar. This conversion is the result of hydrogenol-
ysis of part of the sorbitol over Ru and the in situ production of hydrogen through the
aqueous-phase reforming of the remaining carbohydrate over Pt. A synergistic effect of
the combination of these two catalysts results in the rapid and highly selective conver-
sion of the carbohydrate to methane. This process offers the possibility of upgrading a
low-value carbohydrate stream into a valuable fuel with no addition of hydrpgen. Exergy
analysis reveals that nearly 80 % of the exergy of the reactant is recovered as methane.
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6.1 Introduction

Replacing natural gas by a renewable equivalent is an attractive option to decrease

the use of fossil fuels, minimize greenhouse gas emissions, as well as to secure

the energy supply in the short-mid term. Renewable natural gas can be directly

injected in the gas grid to take advantage of the existing infrastructure to provide

space heating, drive combined cycle turbines, and to provide fuel for road vehicles

[191]. The conversion of biomass to methane, which is the primary constituent of

natural gas, has been the subject of significant research, mainly focused on biogas

[192] (first generation) and synthetic natural gas [193] (SNG; second generation).

Whereas biogas is likely to put pressure on food stocks [194], the production of

SNG requires a complex sequence of steps, including biomass pretreatment (drying

is one of the most costand energy-intensive steps [195]), gasification at elevated

temperatures (c.a. 800-900oC), gas cleaning, methanation over a nickel catalyst at

high temperature, and final gas conditioning [196].

A one-step process for the selective production of methane from wet bio-based

carbohydrates under mild conditions is proposed herein. This process is aimed

at the valorization of low-value dilute streams, for example, waste streams from

bio-based industries, into fuel. Herein, we have used sorbitol (SB) as a model

carbohydrate to study its conversion into methane; this is interpreted as the result

of two combined reactions: 1) the hydrogenolysis of SB to methane over a Ru

catalyst, and 2) the in situ generation of hydrogen through the aqueous-phase

reforming of part of the SB over a Pt catalyst (Figure 6.1). SB is the product of

Sorbitol

OH OH OH

OHOHOH

Poly-oxygenated compounds,

H2 

CH

Aqueous Phase 

Reforming

Hydrogenolysis
4

CO2

H2 H2
 

OH

OH OH

OH
OH

OH

e.g. 

H2 

Pt

Ru +

 Consumed in 

hydrogenolysis

 & 

Figure 6.1 – Outline of the process of combining reforming and hydrogenolysis.

the fast and selective hydrogenation of glucose [182]; a widely available lowvalue

biocarbohydrate. Glucose is also sensitive to aqueousphase reforming (APR), and

has a high tendency toward hydrogenation reactions, and thus, is a possible feed

for this application.

As demonstrated by Montassier et al. in 1988 [197], the hydrogenolysis of C-C and
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C-O bonds of polyols under mild conditions (c.a. 200 oC) led to the production of

lower-molecular-weight glycols as intermediate products, and ultimately hydrocar-

bons as end products. It is also well known that Ru is a very active catalyst for the

cleavage of C-C bonds [198], and therefore, catalyzes the formation of a significant

amount of methane as an end product [199]. Because the hydrogenolysis of glycols

requires the consumption of pure high-value reagents and hydrogen, it is typically

preferred to drive the selectivity towards the more valuable intermediate products,

glycols [200], rather than methane. Nevertheless, excessive C-C cleavage is usually

a limitation for the selective production of glycols, whereas it is convenient for the

production of methane. Excessive C-C hydrogenolysis leads to the conversion of

nearly any carbohydrate mixture into methane; this opens up the possibility to

upgrade low-value carbohydrate streams into a valuable fuel.

To avoid the need for an external supply of hydrogen, we propose the in situ gen-

eration of hydrogen through the aqueous phase reforming of part of the substrate.

Aqueous phase reforming of SB [20] occurs under analogous reaction conditions to

those required for its hydrogenolysis (c.a. 200 oC), typically over a Pt-based cat-

alyst. As demonstrated in Chapters 2 and 4, the production of hydrogen through

aqueous phase reforming is limited by the inhibiting effect of hydrogen on the

reforming rate and on the selectivity to the desired product. Hydrogenation of

SB and the reaction intermediates takes place as the concentration of hydrogen

increases in the reactor, which results in the formation of a complex mixture of

acids, ketones, aldehydes, and so forth [35]. An alternative to maximize the yield

to hydrogen in the reforming reaction is to decrease the hydrogen concentration.

A larger reforming rate and a higher hydrogen selectivity can be reached [160].

Herein, the direct consumption of hydrogen in a highly selective conversion route

to methane is investigated as a possible way to enhance the reforming rate and

suppresses the formation of a wide variety of side products. A catalytic bed con-

sisting of a physical mixture of Ru/C and Pt/C was used to partially convert

SB into hydrogen and CO2, and to further process the remaining SB, CO2, and

hydrogen produced into methane.

6.2 Experimental

Three catalysts were used: 1) 5 wt% Pt/C (Johnson Matthey, BET surface area of

10 m2g−1, average Pt particle size of 14 nm), 2) 5 wt% Ru/C (Engelhard de Meern
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B.V., BET surface area of 802 m2g−1, average Ru particle size of 4 nm), and 3) a

physical mixture of catalysts 1) and 2) in a Pt/Ru ratio of 1:5 (mass basis). For the

catalytic tests, the powder catalysts were pressed and sieved to give particles be-

tween 106 and 212 mm to avoid mass transfer limitations (Thiele modulus Φ<0.3).

Later, the powder catalyst was packed into a stainless-steel tubular reactor with an

inner diameter (ID) of 2.5 mm and 10 cm long. This reactor was vertically placed

inside an oven with circulating hot air and brought to the reaction temperature

(i.e., 220 ◦C) and pressure (i.e., 35 bar). Prior to the reaction, the catalysts were

reduced in situ with hydrogen for 2 h at 220 ◦C. The reduction procedure served

to activate the metal surface as well as to test the possibility of hydrogenation

reactions (e.g., methanation) of the carbon support. Since no alkanes were formed

during the reduction, the interaction of the carbon support in the reactions was

not considered in this study. A syringe pump (Teledyne ISCO 500D) was used to

feed the reactant solution with 1 wt% of SB (Sigma) in water. When applicable,

a nitrogen/hydrogen gas stream was premixed with the liquid flow in a Y-mixer

(VICI Valco) in a gas to liquid ratio of RGL=2 m3
gas/m

3
liquid. Downstream, the

reaction products were quenched in a cooling bath and collected in a stainless-

steel vessel, in which the gas and liquid phases were separated. An argon flow was

fed to this vessel as an external standard to analyze the composition of the gas

stream. Analysis of the gas phase was performed online with GC (columns: Po-

raplot/Molsieve 5A, detectors: TCD/FID). Analysis of the liquidphase products

was performed by a combination of HPLC (column: Metacarb 67H and, detector:

RI), GC (column: Cp-sil5, detector: FID), and GC-MS (column: DB-200, detector:

MS) analyses. The carbon balance was closed for all cases within 5-10%. Each set

of experimental conditions was tested for 24 h of time on stream to ensure stable

performance. Thus, each catalyst was tested for a total operational period of at

least 72 h, during which time no deactivation of the catalyst was observed.

6.3 Results

The experimental results are given in Table 6.1. For runs 1, 3, 4, and 5, both Pt

and Ru are active in the aqueous-phase reforming reaction to produce hydrogen,

CO2, and alkanes in the gas phase. The liquid-phase products consist of a mix-

ture of polyhydroxy species, containing one to six carbon atoms (e.g., alcohols,

polyols, organic acids, and aldehydes), produced by a sequence of dehydrogena-
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tion and decarboxylation/decarbonylation reactions, as well as by C-C/C-O hy-

drogenolysis of the substrate and intermediates. Some of these species may undergo

further reforming reactions to produce additional hydrogen and CO2, or further

hydrogenolysis reactions to produce more alkanes in the gas phase. Therefore, the

liquid-phase products can be considered intermediates towards the formation of

gas-phase products. For both catalysts, an increase in the residence time (i.e.,

decreasing WHSV) leads to a larger conversion of SB and, in particular, a higher

conversion to gas-phase products. This is why the selectivity to hydrogen increases

with increasing SB conversion when using Pt as the catalyst (Table 6.1, runs 1

and 3). Although we observe a decrease in the rate of hydrogen production as

the residence time increases, some of the liquid intermediates (i.e. glycerol) con-

tinue to be converted into hydrogen when the conversion of SB is nearly complete.

This results in hydrogen production while there is no additional SB consumption,

leading to an apparent increase in the hydrogen selectivity.

In agreement with the literature [23], our results reveal that Pt is a better cata-

lyst than Ru for the production of hydrogen in terms of activity and selectivity.

This is attributed to a milder activity in C-C hydrogenolysis and methanation

reactions and a higher activity for watergas shift reactions in the case of Pt com-

pared with that of Ru. In the range of WHSV studied, there was still a significant

amount of carbon-containing species present in the liquid phase for both catalysts,

although this was less for the Ru-catalyzed reactions. The high activity of Ru in

C-C hydrogenolysis and hydrogenation reactions results in a significant produc-

tion of light alkanes. Whereas the gaseous products in the case of the Pt-catalyzed

reactions are mainly hydrogen, CO2, and a minor amount of alkanes, in the case

of the reactions with Ru, the gas contains a greater amount of methane. The se-

lectivity to methane relative to heavier alkanes in the case of the reaction with Ru

is remarkably high. Notably, the increase in the selectivity to methane over the

Ru catalyst is not accompanied by a decrease in the selectivity to CO2. Therefore,

we attribute the formation of methane to hydrogenolysis reactions over the Ru

catalyst instead of methanation of CO2.
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The addition of hydrogen to the reaction mixture leads to direct hydrogenolysis

of the C-C and C-O bonds of the substrate over the two catalysts used. Run 1 in

Table 6.1 reveals that hydrogenolysis of SB over Pt is a relatively slow reaction

and rather selective to liquid-phase products. No significant amount of methane

was formed by hydrogenolysis of SB over a Pt catalyst. In the liquid phase, a

significant amount of glycols (i.e., 22% of glycerol and 14% of 1,2-propandiol) and

other compounds such as acids and aldehydes (ca. 50% in total) are detected.

On the other hand, run 6 in Table 6.1 shows that Ru presents a greater activity

than Pt in the hydrogenolysis of SB to produce gas-phase products, in particular,

methane; this is attributed to a very high activity in C-C cleavage reactions.

Another difference between the Pt and Ru catalysts for the hydrogenolysis reac-

tions is the effect of hydrogen on the catalytic activity. A comparison of runs 1 and

2 (Table 6.1) reveals that, when Pt is used as the catalyst, the addition of hydro-

gen to the reactant mixture results in a decrease in SB conversion and an increase

in the yield to liquid-phase products. Runs 5 and 6 (Table 6.1) show that the

addition of hydrogen does not have the same effect in the case of the Ru catalyst.

In this case, the addition of hydrogen increases both the rate of SB consumption

and the selectivity to gas-phase products, in particular, methane. According to the

mechanism proposed by Montassier et al., [197] the first step in the hydrogenoly-

sis of a polyol is dehydrogenation over the metal surface, which involves breaking

of the C-H bond and later the formation of molecular hydrogen. This is also the

initial step for the aqueous-phase reforming of a polyol [23]. Several studies have

proposed that the rate-limiting step for polyol dehydrogenation is different over Pt

than that over Ru, whereas the limiting step for dehydrogenation over Pt seems to

be the dissociation of the methine bond C-H, the formation of molecular hydrogen

limits the rate of dehydrogenation over Ru [201]. A plausible explanation for our

observations is that higher concentrations of hydrogen inhibit cleavage of the C-H

bond, but do not suppress the rate of formation of molecular hydrogen.

The hydrogenolysis of a low-value carbohydrate to methane over Ru is attractive

because relatively high selectivities to the desired product can be achieved and the

methane product can be easily separated from the aqueous stream. However, it is

questionable whether the complete conversion to methane with an external supply

of hydrogen -a highly valuable product- is energetically and economically efficient.

The in situ generation of hydrogen through aqueous-phase reforming by using only

Ru as a catalyst is a possibility, but a significant amount of carbon is still present
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Figure 6.2 – Molar balance of the reactants and products of the hydrogenolysis of SB
to methane with in situ hydrogen production over a mixture of Pt and Ru catalysts (run
8 in Table 6.1).

as a mixture of liquid-phase products, probably due to the slow rate of hydrogen

production over the Ru catalyst, which limits further conversion steps. Runs 6

and 8 (Table 6.1) reveal that the addition of Pt to Ru allows complete conversion

of SB into gas-phase products under analogous WHSV conditions. Hydrogen is

generated in situ over the Pt catalyst and further consumed in the hydrogenolysis

reactions over Ru, leading to a gas mixture with methane, CO2, and hydrogen.

The molar balance of the most significant reactants and products of the reaction

of SB over a mixture of Pt and Ru (Table 6.1, run 8) is given in Figure 6.2.

As shown by runs 1, 4, and 7 in Table 6.1, the conversion of SB over a mixture of

Pt and Ru is increased with respect to that over the monometallic catalysts. We

attribute this effect to a synergistic effect derived from the in situ production and

consumption of hydrogen. It is believed that the direct consumption of hydrogen

over the Ru surface prevents building up of the concentration of hydrogen in the

reactor and acts as a promoter of the conversion of SB into hydrogen and CO2

over Pt. Rapid production of hydrogen increases its availability to participate in

the C-C hydrogenolysis reactions over Ru.

When comparing the direct hydrogenolysis of SB with the external addition of

hydrogen over Ru (Table 6.1, run 6), with respect to the hydrogenolysis of SB

with in situ hydrogen production over a mixture of Pt and Ru (Table 6.1, run

8), we observe that, in the latter case, a greater amount of CO2 is produced as a

result of reforming reactions. This is accompanied by a net production of hydrogen

and a small decrease in the selectivity to methane. In this case, part of the SB

is not converted into methane but into hydrogen and CO2. In other words, the

advantage of suppressing the demand for hydrogen as a reactant for the production

of methane is counterbalanced by a slight reduction in the yield to methane when
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hydrogen is generated in situ.

The thermodynamic efficiency of these two routes (i.e., the production of methane

from SB with and without the addition of hydrogen over Ru and Pt/Ru, respec-

tively) was roughly estimated in this study by performing an exergy balance be-

tween reactants and products [202]. This approach to evaluate efficiency is based

on the second law of thermodynamics, and therefore, takes into account the degra-

dation of the quality of the energy during a given conversion. The amount of exergy

available in the products with respect to that in the reactants is considered herein

to be the efficiency of the process (i.e., η=Exergyproducts/Exergyreactants × 100%).

Calculation of the exergy in the material streams was performed by following stan-

dard methodology described elsewhere [202]. In the case of the external addition

of hydrogen, the products (i.e., methane and CO2) contain slightly above 50% of

the exergy fed in the reactants (i.e., SB and hydrogen) stream. If hydrogen were

to be generated in a separate reactor through aqueous-phase reforming of an addi-

tional amount of SB, the overall efficiency of the complete conversion route (i.e.,

hydrogen production and methane production) would drop below 30 %. On the

other hand, when hydrogen is otherwise generated in situ by using a mixture of

Pt and Ru, the efficiency of the process significantly increases. The products (i.e.,

methane, CO2, and hydrogen) contain nearly 80% of the exergy in the feed (in

this case only SB). Although thermodynamically efficient, the economic feasibility

of the conversion of biocarbohydrates into methane depends on the cost of the

original feed. This process is aimed at the selective conversion of low-value diluted

carbohydrates streams into methane.

6.4 Conclusion

Methane was selectively produced by the direct conversion of SB in an aqueous

medium at 220 oC over a mixture of Pt and Ru catalyst with no external addi-

tion of hydrogen. This conversion was the result of partially converting SB into

hydrogen and later proceeding with the hydrogenolysis of the remaining SB to-

wards methane. It is believed that the direct consumption of hydrogen during the

hydrogenolysis reaction reduces the hydrogen concentration in the reactor, and

therefore, promotes the rate of hydrogen production in the reforming pathway

over Pt. At the same time, the rapid generation of hydrogen promotes the C-C

scission reactions over the Ru surface, which strongly benefits the selectivity to-
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wards methane. Whereas the production of methane from polyols is understood

to be an inefficient process when hydrogen needs to be added to the reactor, the

in situ generation of hydrogen and high selectivities to the desired product make

this process a potential application to produce a renewable equivalent of natural

gas.
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Aqueous Phase Reforming

in a Membrane Reactor

This chapter has been adapted from: Neira D’Angelo, M. F., Ordomsky, Van der Schaaf,
J., Schouten, J. C., & Nijhuis, T. A. (2014). Carbon-coated ceramic membrane reactor
for the production of hydrogen via aqueous phase reforming of sorbitol. ChemSusChem,
7(7), 2007-15.

Abstract

Hydrogen was produced by aqueous-phase reforming (APR) of sorbitol in a carbon-on-
alumina tubular membrane reactor (4 nm pore size, 7 cm long, 3 mm internal diameter)
that allows the hydrogen gas to permeate to the shell side, whereas the liquid remains in
the tube side. The hydrophobic nature of the membrane serves to avoid water loss and to
minimize the interaction between the ceramic support and water, thus reducing the risks
of membrane degradation upon operation. The permeation of hydrogen is dominated by
the diffusivity of the hydrogen in water. Thus, higher operation temperatures result in
an increase of the flux of hydrogen. The differential pressure has a negative effect on the
flux of hydrogen due to the presence of liquid in the larger pores. The membrane was
suitable for use in APR, and yielded 2.5 times more hydrogen than a reference reactor
(with no membrane). Removal of hydrogen through the membrane assists in the reaction
by preventing its consumption in undesired reactions.
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7.1 Introduction

There is a growing interest in the production of hydrogen as energy carrier via

aqueous phase reforming (APR) of biomass-derived liquid carbohydrates [7, 20,

198, 203]. In addition to the environmental benefits of using a liquid renewable

feedstock, this route is less energy intensive and produces a higher quality hy-

drogen stream (i.e. CO free) with respect to the conventional steam reforming

of hydrocarbons [12]. Yet, some limitations are encountered in the field of APR

of carbohydrates to hydrogen. The high functionality of the feed and the reac-

tion intermediates make them prone to hydrogenation reactions, thus reducing

the selectivity to hydrogen. Our earlier investigations reveal that the presence of

hydrogen in the reactor is undesired since it is detrimental to both the conversion

and the selectivity to the desired product [160]. From this point of view, the in

situ removal of hydrogen through a membrane is appealing. There are numerous

examples in the literature in which the separation properties of a membrane have

been used to enhance the performance of a catalytic system, some of which focus

on the production of hydrogen via steam reforming. To the extent of our knowl-

edge, the utilization of a membrane reactor for aqueous-phase reforming has not

yet been dealt with in the open literature.

In the field of membrane reactors for hydrogen production via gas phase reform-

ing, hydrogen is separated from a gas mixture at high temperature. Inorganic

membranes are preferred due to their chemical and thermal stabilities compared

to those of their organic counterparts [133, 134]. Within the group of inorganic

membranes, Pd-based dense membranes (mostly deposited as a layer on a porous

support) are often the preferred option due to their excellence in terms of hy-

drogen selectivity [135–138]. However, these systems are expensive [140], and they

require difficult manufacture procedures to minimize embrittlement and to achieve

sufficient hydrogen flux [133, 138]. Their use is only justified when very selective

separation of hydrogen from a gas mixture at high temperature is needed, which

is not the case under consideration. In this case, we aim to separate gas (not

necessarily pure hydrogen) from liquid at temperatures up to ca. 250 ◦C.

Porous ceramic membranes are an attractive alternative for the separation of hy-

drogen [138, 141] when lower selectivities of hydrogen with respect to other gases

are acceptable. Their manufacture is relatively inexpensive [141], and they offer

higher fluxes of hydrogen than Pd-membranes while maintaining excellent chemi-
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cal and thermal stability [133]. However, they typically present low hydrothermal

stability, thus hindering their successful application in reactions that take place

in a humid environment such as in steam reforming or APR. Several studies at-

tempted to minimize the interaction of water molecules with the functional groups

at the surface of the membrane (e.g. hydroxyl groups in the case of silica mem-

branes) in order to increase their hydrothermal stability during prolonged exposure

to humidity at high temperature. Metal doping (e.g. with cobalt [142]) and hy-

drophobization of the surface (e.g. by silanation [143–145] or addition of carbonized

templates [146]) have proved to be successful approaches. These modifications of

the ceramic structure need to be incorporated during a sol-gel procedure that

requires clean-room techniques in order to achieve reproducible defect-free mem-

branes.

A possible alternative is to permeate the hydrogen gas through a carbon mem-

brane supported on a non-modified ceramic support [134, 138]. Their manufacture

is relatively easy and inexpensive, while they maintain excellent stability [147]. The

carbonaceous surface decreases the interaction between the ceramic support and

water molecules, making the membrane suitable for applications that take place

in humid environments [149]. Besides, the hydrophobic nature of these membranes

enables operation with relatively large pores (2-50 nm) and with positive differen-

tial pressures between the permeate and the retentate (conditions that typically

enhance the flux of hydrogen through the membrane), with no major risks of water

loss. According to the Young-Laplace equation (Eq. 7.1), the minimum differential

pressure required to press the liquid out of the hydrophobic membrane can be

expressed as:

Pretentate − Ppermeate = ∆Pcapillary = −4γ · cos(θ)
dp

(7.1)

where Pretentate and Ppermeate are the pressures of the retentate and the permeate,

respectively, γ is the liquid surface tension constant, dp is the pore diameter and

θ is the contact angle of the liquid to the membrane walls. When water faces

a hydrophobic surface θ > 90◦ and when the surface is hydrophilic, θ < 90◦.

Hence, a ∆Pcapillary greater than 0.5-13 bar must be applied to press water out of

a hydrophobic mesoporous membrane with pores of 50-2 nm in diameter. Smaller

pores guarantee a greater operational window for the ∆P with no water loss, while
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larger pores offer higher hydrogen fluxes. An optimum pore size should result from

a trade-off between the ease of operation and high hydrogen fluxes.

If APR is conducted in a mesoporous carbon membrane reactor, the membrane will

offer a steady liquid-gas phase interface through which the hydrogen produced will

diffuse to the permeate side (where it can no longer participate in side reactions),

whereas the liquid will remain in the retentate side. This system can offer an ideal

balance between large hydrogen fluxes, high selectivity (i.e. separation of gas from

liquid), stability and production cost. This can potentially increase the yield of

hydrogen via APR and bring this route one step closer to commercial application.

In this chapter, we evaluate the benefits of conducting APR of liquid biocarbohy-

drates in a carbon-supported membrane reactor. For that purpose, commercially

available macroporous α-alumina tubes (7 cm long, 3 mm internal diameter) are

used as membrane support to later deposit a carbon mesoporous layer. The result-

ing membrane is characterized to assess its suitability for APR. The permeability

of hydrogen under reaction conditions (ca. 200 ◦C and 25 bar) is initially tested

using hydrogen and water mixtures. Subsequently, APR of sorbitol, herein used

as model carbohydrate, is conducted with in situ separation of hydrogen through

the carbon-supported membrane.

7.2 Experimental

7.2.1 Membrane synthesis

Commercial α-alumina tubes (3 mm ID, 4 mm OD, 100 nm pore size) were supplied

by Hyflux. The as-received tube was cut to a length of ca. 7 cm, the ends were

coated with a glaze mixture and exposed to a heat trebarent (2 h at 1000 ◦C, at

10 ◦C/min). The glazed area became nonporous, leaving an effective area of 1.88

cm2 for permeation.

Subsequently, the alumina tubes were coated with a carbon layer in order to pro-

vide the membrane with a hydrophobic character. The coating procedure used in

this work was based on a polymerization method, similar to that described by Ro-

driguez et al. [204]. The polymer suspension was prepared according to the steps

described by Rodriguez et al., using 10 mL of furfuryl alcohol (99%, Aldrich) as

carbon precursor, 5 mL of ethylene glycol (Aldrich) as texturing agent, and 0.25

mL of nitric acid (Aldrich) as catalyst for the polymerization reaction. The coat-
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ing procedure, however, was slightly modified. In our study, the polymer mixture

was coated on the substrate by first immersing the alumina tube in the polymer

suspension in a stainless steel tubular container, exposing it to ultrasonication for

15 min, and finally applying pressure for 15 min by connecting a 5 bar He source

to one of the end of the tubular container while the other end was kept closed.

The excess of the polymeric solution is removed by gravity and complete polymer-

ization of the coated membrane was conducted at 80 ◦C under air flow over 2 h,

followed by carbonization of the polymer at 550 ◦C under He flow for 2 h.

7.2.2 Membrane characterization

The membranes were evaluated by visual inspection to identify the full coverage

of the (white) alumina tubes by a (black) carbon layer. Further inspection of

the inner surface and cross section of the membrane was performed by means of

scanning electron microscopy (SEM). The hydrophobic nature of the membrane

was evaluated by measuring the contact angle of a water droplet on the surface

of the membrane. The pore size distribution of the membrane was measured by

mercury intrusion and by nitrogen absorption (BET). The percentage of carbon

coated on the alumina tube was measured by thermogravimetric analysis (TGA).

7.2.3 Permeability of hydrogen

The permeability of hydrogen through the membrane was tested in the experi-

mental setup shown in Figure 7.1. The membrane is assembled in a stainless steel

housing, using Viton O-rings to ensure sealing between permeate (shell side) and

retentate (tube side). The reactor was placed vertically (downflow for the tube

side, and upflow for the shell side) in an oven with circulating hot air. The liquid

flow was pumped with a Teledyne ISCO pump, and (if applicable), premixed with

a hydrogen flow controlled by an electronic mass flow controller (Bronkhorst).

Downstream, the gas-liquid mixture was collected in a stainless steel vessel, in

which both phases were separated and collected for further analysis. The pressure

of the stainless steel vessel (and thus of the system) was controlled by an electronic

back pressure regulator (Bronkhorst). Argon was fed to this vessel as an external

standard. In the shell side, argon was fed as sweep gas. The pressure of this line

was controlled in a similar fashion as previously discussed for the tube side. For

high temperature operations (above 100 ◦C), the argon sweep gas was saturated
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Figure 7.1 – Diagram of the experimental setup used to conduct permeation studies
with and without reaction.

with water by passing through a vessel filled with water prior to the reactor. This

is done to minimize permeation of steam pervaporation from the retentate to the

permeate.

This system could be operated with and without reaction by introducing a catalytic

bed or removing the catalytic bed from the membrane tube, respectively. The

membrane was initially tested without chemical reaction in two modes: 1) Only

gas, by feeding a gas mixture of hydrogen and nitrogen; and 2) gas-liquid, by

feeding a mixture of liquid water and hydrogen. This study was carried out to

gain an insight on the influence of relevant parameters during APR (e.g. absolute

pressure, differential pressure and temperature) on the permeation of hydrogen

through the membrane.

7.2.4 APR of sorbitol in the membrane reactor

When the setup in Figure 7.1 was operated in reactive conditions, the ca. 40 mg of

catalyst was packed inside the tube as a catalytic bed. Commercial 5 wt.% Pt/C

catalyst was supplied by Johnson Matthey (with BET surface area of 10 m2/g,
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average Pt particle size of 14 nm). The catalyst was sieved and pressed between

102-212 µm. The remaining inner volume was filled with glass wool. Prior the

reaction, the catalyst was reduced in situ under hydrogen flow at 220 ◦C for 2 h,

and pre-wetted with the liquid feed. Hydrogen was no longer fed, but produced

inside the tube by APR of the sorbitol (see Reaction 7.2).

C6H14O6 + 6H2O −−⇀↽−− 6CO2 + 13H2 (7.2)

The reaction was conducted at 220 ◦C, 25 atm, with no differential pressure be-

tween retentate and permeate. A solution of 1 wt.% of sorbitol (Sigma) in water

was used as feed, and 30 Nml/min of argon was used as sweep gas.

In order to evaluate the performance of the membrane reactor for APR, a reference

fixed bed reactor (stainless steel tubular reactor with 3 mm ID) was operated under

identical conditions. The liquid was analyzed off-line by HPLC (column: Metacarb

67H and, detector: RI), whereas the composition of the gas was monitored on-

line by GC (columns: Poraplot/Molsieve 5A, detectors: TCD/ FID). All carbon

balances were closed within 5%, in most measurements the unbalance was less

than 1 %.

The following expressions were used to calculate the conversion of sorbitol (XSB),

the selectivity to hydrogen (SH2
) and the productivity of hydrogen (YH2

):

XSB = (FSB, in − FSB, out)/FSB, in × 100% (7.3)

SH2
= FH2

/(13× FSB, in ×XSB/100)× 100% (7.4)

YH2
= FH2

/(FSB, in)× 100 (7.5)

where FSB, in and FSB, out are the molar flows of sorbitol in the liquid phase at the

inlet and outlet respectively, FH2
is the molar flow of hydrogen produced.
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Figure 7.2 – SEM image of the cross section of the as received α-alumina tube.

7.3 Results

7.3.1 Membrane characterization

The original substrate consists of a ca. 7 cm long α-alumina tube with 2.5 mm ID.

The tube combines two layers, one of ca. 0.5 mm thickness and the second of ca.

22 µm, which are clearly distinguishable by SEM analysis (Figure 7.2). Mercury

intrusion into the pores of the as-received membrane (Figure 7.3) reveals a bimodal

distribution of the pore size, with the two maximum values centered at 800 and

100 nm. These values correspond to the average pore size of the first and second

layer, respectively.

Figure 7.3 also evidences that the pore structure of the ceramic tube does not

change after exposure to a temperature of 1000 ◦C. On the other hand, the pore

size of the α-alumina membrane increases from 100 nm to 130 nm upon exposure

to mild temperatures in humid environments (i.e. APR reaction conditions at 220
◦C and autogenous pressure). Thus, untreated α-alumina tubes are not suitable

for APR due to the reduced stability under APR conditions.

As shown in Figure 7.4, the carbon deposition method results in a full coverage of

the α-alumina tube. Detection of the carbon layer by SEM is difficult (Figure 7.5),

but the presence of carbon is nonetheless clearly detectable by simple visual in-

spection. The change of color from white to black is evident in the inner surface,

the outer surface, as well as in the cross section (Figure 7.4).

According to the results of TGA analysis (Figure 7.6), the fraction of carbon in
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Figure 7.3 – Results of mercury intrusion tests of the α-alumina tube: as received, after
heat trebarent at 1000 ◦C, after hydrothermal trebarent (220 ◦C, 23 bar over 48 h); and
of the carbon on α-alumina tube: as synthesized, and after hydrothermal trebarent (220
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Figure 7.4 – Image of the tubular membrane fully covered by a carbon layer. Inset:
image of the α-alumina tube before and after carbon deposition.
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Figure 7.5 – SEM image of the inner surface of the tubular membrane before and after
carbon deposition.

the final membrane accounts for 3% based on mass. This carbon starts to burn off

at ca. 350 ◦C and is completely burnt off at 550 ◦C.
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Figure 7.6 – Thermogravimetric analysis (TGA) of the carbon membrane conducted in
air until 800 ◦C with a ramp of 10 ◦C/min.

Determination of the pore size of the carbon-supported membrane by mercury

intrusion (Figure 7.3) reveals that, like the original α-alumina tube, the carbon-

supported membrane has a significant fraction of pores with an average size of 800

nm. However, the fraction of pores that originally presented an average pore size of

100 nm in the α-alumina tube, is not present in the carbon-supported membrane.
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Figure 7.7 – BET analysis of the carbon membrane [A= pore area (m2, w= pore width
(m)].

During the carbon deposition procedure, the 100 nm pores are partially filled

with carbon, and the resulting membrane has smaller pores. In this case, the

average pore size of the carbon-supported membrane is below the detection limit

of the mercury intrusion, which is 5 nm. BET analysis of the carbon supported

on alumina (shown in Figure 7.7) demonstrates that the pore size is 3.7 nm. After

exposure to APR conditions, the pore-size distribution of the carbon supported

on alumina remains invariant. This value is in good agreement with the value of

pore size determined through the gas phase permeability studies conducted with

this membrane before and after exposure to APR conditions (i.e., 3.8 nm). Thus,

carbon supported on -alumina tubes is suitable for APR due to its stability under

APR conditions.

The carbon layer provides the membrane with a hydrophobic character, as shown

by the increase in the contact angles (θ) of a water droplet on the surface of

the membrane before and after carbon deposition, as shown in Figure 7.8. Note

that the methodology used herein to determine the contact angle is only sufficient

to identify a shift in the nature of the surface from hydrophilic (θ < 90◦) to

hydrophobic (θ > 90◦). More accurate measurements of the contact angle were

difficult due to the rounded surface of the tube, and the consequent difficulty in

visually detecting the horizontal line where the water droplet and the tube met.

Various measurements of the contact angle were attempted using a conventional
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Figure 7.8 – Picture of a droplet of water on the surface of the membrane tube before
and after carbon deposition. The contact angle shows an increase of the hydrophobicity
of the surface during the carbon deposition.

telescope-goniometer, resulting in contact angles between 48-60◦ (hydrophilic) and

94-100◦(hydrophobic) for the tube before and after carbon deposition, respectively.

Despite the lack of accuracy in this measurement, the shift from hydrophilic to

hydrophobic nature of the surface is clear, and is sufficient for the purpose of this

study. Even in a scenario in which the contact angle only changes from 89 to 91,

this shift in the hydrophobicity of the membrane, combined with the decrease in

the pore size represents -according to Eq. 7.1- an increase from ca. -0.5 to +6

atm in the capillary pressure that the liquid inside the tube needs to overcome

to permeate through the membrane out of the tube. Thus, the carbon-coated

membrane will offer a robust system that can withstand pressure fluctuations

with no risk of water loss. On the other hand, the untreated α-alumina membrane

is not a suitable system for APR since it will easily allow liquid water to leak out

the reactor.

7.3.2 Permeability test

Permeation of hydrogen in liquid medium at temperatures below 100◦C

In APR, an aqueous stream flows co-currently with a gas stream containing hydro-

gen. As a first approximation of the permeation of hydrogen during APR, in this

study we started by feeding hydrogen and liquid water at the reactor inlet, and

measuring the amount of hydrogen that permeated to the shell side. During these

experiments, special attention was paid to two aspects. The first was the perme-
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ation of liquid water through the membrane, which should be negligible in order

to consider this membrane suitable for APR. In all the experiments conducted at

temperatures below 100 ◦C (with no water vapor being produced), no liquid water

was detected in the permeate side. Thus, we conclude that the hydrophobization

procedure was successful enough to prevent water loss through the membrane with

positive differential pressures between retentate and permeate of at least 0.7 bar.

The second aspect was the permeation of hydrogen. When a single gas phase

mixture that contained hydrogen and nitrogen was fed to the reactor inlet, the

hydrogen permeance was in of the order of 10−8 molH2
/m2sPaH2

(at room tem-

perature with a positive differential absolute pressure of 0.3 bar) which is in the

good agreement with the values found in literature for similar systems [147]. Nev-

ertheless, when liquid water is added to the reactor, the permeation of hydrogen

decreases substantially with respect to that observed when only a gas mixture is

fed to the reactor. The addition of a second phase hinders the direct contact of the

gas with the membrane. The gas that is not in direct contact with the membrane

has to diffuse through the liquid in order to permeate from the retentate to the

permeate. The diffusion of hydrogen in liquid water represents a significant barrier

that lowers the effective diffusivity coefficient of hydrogen through the membrane

by several orders of magnitude. The diffusivity of hydrogen in water at room tem-

perature is 0.45 · 10−8 m2/s, whereas the diffusivity of hydrogen in nitrogen is

0.78 · 10−4 m2/s [205]. As shown in Figure 7.9, when a hydrogen/water mixture

is fed to the reactor, the permeation of hydrogen is approximately 3-4 orders of

magnitude smaller than that of hydrogen in a gas mixture without a liquid phase

present. In this set of experiments a biphasic mixture (gas-liquid) is present in the

reactor. Therefore, some gas phase diffusion may take place. During catalytic ap-

plication, when hydrogen is produced via APR, it is likely that the concentration

of hydrogen in the liquid phase reaches supersaturation conditions before a sepa-

rate gas phase is formed. Therefore, a smaller contribution of gas phase diffusion

is expected.

To evaluate the effect of pressure on the permeation of hydrogen through the

membrane, the total pressure of both the permeate and the retentate side (P1 and

P2, respectively) were increased, while the difference between them (∆P) was kept

constant. The results are depicted in Figure 7.9, in which the flux of hydrogen, the

permeance and the difference in hydrogen pressure between retentate and permeate

∆PH2
are plotted as a function of the average total pressure at 20 ◦C and 80 ◦C.
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Figure 7.9 – Hydrogen flux (N), permeance (P) and differential partial pressure of
hydrogen (∆PH2

) as a function of temperature and pressure, using 7.5 ml/h of water and
10 Nml/min of hydrogen feed.

Notice that a relatively large sweep gas flow rate is used, and therefore the pressure

of hydrogen in the permeate side is nearly zero. Thus, an increase of the pressure

in the retentate directly results in an increase of ∆PH2
. When the pressure (and

∆PH2
) increases, the flux of hydrogen through the membrane increases regardless

of the temperature. Nevertheless, the effect of pressure on the flux tends to level

off as the pressure increases. This is also observed in the decreasing trend of the

permeance (defined as the flux divided by the difference of hydrogen pressure)

with increasing the pressure, which is milder in the range from 4.8 to 6.3 bar.

In this range, the permeance remains nearly constant at a value of ca. 0.8 · 10−10

molH2
/s m2 PaH2

at 20 ◦C, and 1.4·10−10 molH2
/s m2 PaH2

at 80 ◦C. This result is

attributed to a lesser contribution of gas-phase diffusion as the pressure increases

due to a decrease in the volumetric gas flow rate, and a consequent decrease in

the gas-liquid and gas-solid area for mass transfer. When liquid phase diffusion

is dominant, an increase of the pressure favors the solubility of hydrogen gas in

the liquid bulk, therefore increasing the overall flux, while the permeance is nearly

independent of ∆PH2
.

The effect of temperature on the hydrogen flux and permeance is also shown in

Figure 7.9. An increase in the operation temperature from 20 to 80 ◦C results in a

greater diffusivity of hydrogen in both gas and liquid phase. Furthermore, there is

possibly a larger gas-liquid and gas-solid interfacial area for hydrogen mass transfer
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Figure 7.10 – Hydrogen flux (N) and permeance (P) as a function of the absolute
differential pressure, using 7.5 ml/h of water and 10 Nml/min of hydrogen feed at 80 ◦C
and average pressure of 3.15 atm.

due to the gas expansion.

The effect of the differential pressure between retentate and permeate (∆P) on

the hydrogen flux and permeance at constant total average pressure (P=3.15 atm)

and temperature (80 ◦C) is plotted in Figure 7.10. To increase ∆P in these experi-

ments, the pressure of permeate side and that of the retentate side were decreased

and increased, respectively, with respect to the average total pressure. Unlike in

the case of viscous flow, an increase in ∆P does not result in an increase of the

flux, nor the permeance. Therefore, viscous flow is not considered as the trans-

port mechanism. Instead, it is believed that the diffusion through the liquid is

the limiting mechanism for the permeation of hydrogen. When the pressure of

the retentate increasingly exceeds that of the permeate, the liquid water may be

progressively pushed into the larger pores of the membrane, thus decreasing the

effective diffusion coefficient of hydrogen through the membrane. In all the exper-

iments conducted, ∆P was lower than the capillary pressure of the liquid in the

3.8 nm pores (Eq. 7.1). Therefore, it is expected that the liquid does not enter in

the smaller pores, which is consistent with the absence of liquid in the permeate

side during the experiments conducted.

When the pressure of the retentate is smaller than that of the permeate (i.e.

∆P<0), it is possible that the sweep gas permeates inside the inner tube. This
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situation could lead to a misinterpretation of the experimental results. The amount

of hydrogen in the retentate would be underestimated due to its dilution with

the sweep gas, whereas the concentration of hydrogen in the permeate would be

overestimated due to the opposite situation. The overall effect would result in

an apparent larger permeation of hydrogen. In fact, Figure 7.10 shows that the

permeance of hydrogen when ∆P<0 is significantly larger than the permeance

detected at ∆P>0.

Permeation of hydrogen in liquid medium at temperatures above 100◦C

An increase in temperature to reach the temperature required to conduct APR

(e.g. 220 ◦C) results in the formation of water vapor in the gas phase. The mole

fraction of water vapor in the gas phase will be equal to the vapor pressure at the

operating temperature (Pv(T)) divided by the total pressure (PT ). For example, at

220 ◦C and 25 bar, the mole fraction will be ca. 0.9. The argon sweep gas was herein

saturated with water in the permeate side to minimize the permeation of water

vapor. Nevertheless, it is impossible to completely suppress the permeation of water

vapor since the permeation of the hydrogen product acts as diluent of water vapor

in the permeate side, which is continuously brought to under-saturated conditions.

The permeation of water vapor will lead to capillary condensation inside the pores

if the absolute pressure exceeds the value of Pt, estimated from the Kelvin equation

(Eq. 7.6) as:

ρRT

M
ln

Pt

Pv(T )
= −4γ · cos(θ)

dp
(7.6)

where ρ is the density of the condensate, in kg·m3, Pv(T), the temperature depen-

dent saturation vapor pressure for a planar interface, γ the surface tension of liquid

condensate, in N·m1, θ, the contact angle and dp the diameter of a cylindrical pore,

in m. When capillary condensation takes place, the effective diffusion coefficient

of hydrogen through the membrane pores is lowered. Or, in other words, the dif-

fusion path of hydrogen in liquid water increases. Hence, capillary condensation is

undesired.

For a hydrophilic surface (θ <90), the pressure required for capillary condensation

is smaller than Pv(T). However, APR requires pressures larger than the water

vapor pressure to ensure that the reaction takes place in liquid phase. Therefore,



7.3 Results 139

1 2 3
0

5

10

15

Set of conditions

 

 

1: T=20 ◦C, P1=6 atm

2: T=80 ◦C, P1=6 atm

3: T=220 ◦C, P1=25 atm

N·104, molH2
/s m2

∆PH2
, atm

Figure 7.11 – Hydrogen flux (N) and differential partial pressure of hydrogen (∆PH2
)

at different conditions of temperature and pressure (see legend), ∆P=0.3 atm, using 7.5
ml/h of water and 10 Nml/min of hydrogen feed.

it would not be possible to avoid capillary condensation in a hydrophilic membrane

by any means. On the other hand, the pressure needed for capillary condensation

increases above Pv(T) in a hydrophobic membrane. For example, if θ = 90.05, this

pressure is calculated as Pt > 26 bar, more than 3 bar above Pv(T) at 220
◦C. This

provides a sufficiently large operation window to conduct APR while preventing

capillary condensation.

The results of the permeation studies using hydrogen and water mixtures at APR

conditions are displayed in Figure 7.11. With respect to the previous results at

lower temperatures and pressures, the production of steam results in an impor-

tant decrease of the partial pressure of hydrogen in the gas phase in the retentate,

and thus in a decrease of the differential partial pressure between retentete and

permeate. However, the flux of hydrogen though the membrane increases. Note

that a decrease of differential pressure of hydrogen would have resulted in a de-

crease of the flux if the mechanism of hydrogen permeation was the gas-phase

molecular diffusion. As well as the diffusivity coefficient in liquids, the hydrogen

flux increases proportionally to the square root of the temperature. Additionally,

the formation of water vapor at elevated temperatures represents a remarkable in-

crease of the gas holdup (increasing the interfacial contact area), thus promoting

the overall flux of hydrogen towards the permeate.
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Figure 7.12 – Performance of conventional fixed bed reactor (no membrane) and mem-
brane reactor in terms of conversion of sorbitol, selectivity to hydrogen, and productivity
of hydrogen. Reaction conditions: 1.1 min residence time, 220 ◦C, 25 atm.

7.3.3 APR of sorbitol in a carbon-based membrane reactor

According to the hydrogen fluxes measured in the previous experiments without

reaction at 220 ◦C and 25 bar, this membrane can permeate 2.7·10−8 mol/s of

hydrogen under the conditions tested. The production of hydrogen using a con-

ventional fixed bed reactor (no membrane) with the same internal diameter and

length as the membrane reactor, and with a 2 cm long catalytic bed is 1.8·10−8

mol/s with 8 ml/h liquid feed (1 wt% of sorbitol in water). Thus, the membrane

reactor presents in principle sufficient permeation capacity to remove the hydrogen

produced during the reaction.

Figure 7.12 shows the effect of conducting APR in a membrane reactor in com-

parison to the reference case with no membrane. Both experiments are carried out

with 1 min of residence time, under identical conditions of temperature, pressure

and liquid flow rates. As can be observed, there is no effect of the membrane on the

conversion of sorbitol. It should be noted that the measurements of the sorbitol

conversion incorporate some inaccuracy since it is based on the concentration of

reactant at the reactor outlet with respect to the inlet. As mentioned before, the

liquid water partially pervaporates through the membrane during the operation.

In these experiments, the amount of water pervaporated through the membrane

accounted for approximately 1-2 % of the water fed. Therefore, the concentration

of the liquid stream at the outlet is apparently higher than expected, thus result-
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ing in an underestimation of the final conversion. In spite of the inaccuracies of

this measurement, it is clear that the conversion achieved in both reactor types is

essentially the same. This is attributed to the fact that the partial pressure of hy-

drogen in the retentate does not change due to the rather unselective permeation

of hydrogen and the remaining gases.

On the other hand, the effect of the membrane on the hydrogen selectivity is

remarkable. The selectivity to hydrogen is over 2.5 times larger in the case of the

membrane reactor with respect to that in the reference reactor with no membrane.

This leads to an increase in the hydrogen yield by nearly a factor of 2.5. Note that

the inaccuracies in the measurement of the sorbitol conversion do not affect the

calculation of the final yield, which is expressed per sorbitol fed.

Previous studies on APR [7, 20, 198, 203] suggest that this reaction takes place

through a complex mechanism that includes the initial dehydrogenation of the

substrate, followed by decarboxylation or decarbonylation and water gas shift on

the metal sites (i.e., the reforming pathway). This pathway results in to the pro-

duction of hydrogen, CO2 and a series of smaller carbohydrates that can undergo

further reforming reactions. In parallel, sorbitol and the smaller carbohydrates

undergo dehydration of the C-O bonds, followed by hydrogenation of the interme-

diates on the metal sites, leading to a variety of water soluble hydrodeoxygenated

species bearing from 1 to 6 carbon atoms with a reduced OH/C ratio. Further

dehydration and hydrogenation of these species results in alkane formation. The

direct hydrogenolysis of the internal C-C bonds of sorbitol may also occur on the

metal sites. In agreement with earlier publications [7, 20, 198, 203], at low sorbitol

conversion, most of the carbon-containing products were found in the liquid phase

polyhydroxyspecies. These species are intermediate/side products that will even-

tually convert to either hydrogen and CO2 via a reforming route, or to alkanes via

dehydration/hydrogenation cycles. Hence, full conversion to gas phase products is

expected at larger residence times.

In this study, at ca. 10% sorbitol conversion, the percentage of carbon products

in the liquid phase was 91 and 83 % of the total carbon produced for the fixed

bed reactor and the membrane reactor, respectively. The composition of the liquid

phase was ca. 1-3 mol% of C1, 6-13 mol% C2, 50-46 mol% C3, 13-28 mol% C4,

20-8 mol% C5 and 11-1 mol% C6 in the case of the fixed bed reactor and the

membrane reactor, respectively. The percentage of carbon products in the gas

phase was 8.6% in the case of the fixed bed reactor with no membrane, and 16.4%
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in the case of the membrane reactor. Thus, the removal of hydrogen through the

membrane aided the conversion to gas phase products via C-C cleavage, which

can also be observed by the shift towards smaller polyhydroxyspecies (i.e. more

C1 and C2 vs. C3 products, and more C4 and C5 vs. C6 products) in the case

of the membrane reactor with respect to the fixed bed reactor. This is in good

agreement with our previous results using hydrogen stripping in a microchannel

reactor [160]. In that study, the effect of the hydrogen pressure on the relative

rates of the reforming route and the dehydration/hydrogenation route, and thus

on the product distribution was further discussed. This work is focused on the final

yield to hydrogen as a valuable indicator to assess the suitability of the membrane

reactor for APR.

In the gas phase, hydrogen, CO2 and a minor amount of light alkanes (<1 mol%)

were found at the outlet of both reactors. The composition of the gas produced

was the following: for the fixed bed reactor, 61 mol% hydrogen, 39 mol % CO2;

and for the membrane reactor, 73 mol% hydrogen, 26 ml% CO2. The H2/CO2

ratio is greater in the case of the membrane, which is attributed to a lesser degree

of hydrogen consuming reactions in comparison to the fixed bed reactor. The

H2/CO2 ratio is also larger than the corresponding stocihiometric value according

to Eq. 7.2 (i.e., 2.17). This suggests the dehydrogenation of the substrate without

C-C cleavage as a possible reaction route to produce hydrogen. If that is the case,

this should occur in both reactor types, but is only noticeable in the case of the

membrane reactor due to the increase in hydrogen selectivity.

In the case of the membrane reactor, the gaseous products were found both in

the permeate and in the retentate side, indicating that the production of gaseous

products exceeded in this case the permeation capacity of the membrane. The flux

of hydrogen that permeated the membrane was very similar to that observed in

the previous experiments with no reaction (ca. 1.4·10−4mol/m2s ). The flux of

CO2 was 4·10−5mol/m2s (i.e., the permeation of hydrogen was nearly unselective

with respect to CO2, since a similar gas composition was found in both sides of

the membrane). Concerning the liquid phase reactants/products, they were only

detected in the retentate side. Thus, the membrane succeeded to maintain the

liquid phase inside the tube side, preventing its permeation to the shell side. Thus,

the membrane does not separate hydrogen from CO2, but selectively separates the

gas mixture from the liquid medium.

The graph in Figure 7.13 presents the productivity of hydrogen per sorbitol molecule
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Figure 7.13 – Productivity of hydrogen versus residence time for the conventional fixed
bed reactor (no membrane), and the membrane reactor. Reaction conditions: 220 ◦C and
25 bar.

fed as a function of the residence time for both the membrane reactor, and for the

fixed bed reactor with no membrane. For both reactor types, the productivity

of hydrogen decreases with the residence time due to the increase in the side -

hydrogen consuming reactions. As earlier discussed, the presence of the membrane

efficiently minimizes the extent of such hydrogen consuming reactions, leading to

a greater hydrogen productivity. Nevertheless, the effect of the membrane on the

productivity to hydrogen was greater at lower residence times (i.e. larger liquid

flow rates), whilst it was hardly noticeable at larger residence time (i.e. smaller

liquid flow rates). This tendency is attributed to two reasons. First, the hydro-

gen consuming reactions are faster, and thus more competitive with the hydrogen

permeation through the membrane at longer residence time; and second, the mass

transfer of hydrogen through the liquid film is faster as the liquid flow rate in-

creases.

For optimal results, the membrane reactor should operate with relatively small

conversions to minimize side reactions while optimizing the effect of the membrane.

Ideally, the liquid flow rate could be recirculated to reach full conversion.

It is conceivable that a further improvement of the reactor performance can be

realized by increasing the permeation capacity of the system, for example, by de-

creasing the diffusion path through the liquid. This could be achieved by decreas-
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ing the internal diameter of the reactor to a micro-scale level, or by depositing

the catalyst on the reactor walls (e.g. in a catalytic washcoated microchannel).

This catalytic membrane reactor would enable close and efficient integration of

the reaction and separation.

In addition to optimize the productivity to the desired product, this membrane re-

actor concept could be directly coupled to a fuel cell anode since no CO is present

in the gas phase. In this manner, hydrogen could be generated on demand, avoid-

ing any need for storage and transportation. A membrane microreactor coupled

with a fuel cell anode has been earlier suggested by Gervasio et al. [206], who

proposed a liquid NaBH4 solution as a hydrogen source to produce clean hydrogen

at room temperature and pressure. In their study, sufficient hydrogen to produce

300 W·h/L feed was produced in the membrane microreactor. According to the

maximum productivities achieved in this study, a capacity of 100 W·h/kg sorbitol

can be envisioned. This value is rather promising, considering that this concept

contemplates the production of hydrogen from a readily available bio-feedstock,

and not from a costly hydrogen “storage” liquid medium like NaBH4. A typical

laptop consumes 15-45 W·h per cycle (e.g. 5 h), which means that the system

herein proposed could power a laptop with 30-90 gram of sorbitol per hour.

7.4 Conclusions

In this study we have synthesized a carbon supported on alumina tubular mem-

brane reactor with an average pore size of 4 nm. The carbon deposition method

resulted in a fully covered layer which represented 3 % of the total mass of the

membrane. This layer provided the membrane with a hydrophobic character so

that it was possible to use the membrane with a positive differential pressure be-

tween retentate and permeate with no loss of liquid. The hydrophobic character of

the membrane also served to minimize the interaction between the ceramic support

and water, thus reducing the risks of membrane degradation upon operation. In

fact, the membrane showed no change in pore size after 48 h of hydrothermal treat-

ment under APR reaction conditions (220 ◦C and 25 atm). Permeability studies

showed that the permeation of hydrogen is dominated by the diffusivity of the hy-

drogen in water when liquid is present in the reactor. The permeance of hydrogen

at room temperature and 3.2 bar was 1.2·10−10 molH2
/m2sPaH2

. Increasing the

reaction temperature from room temperature to 80 ◦C increases the permeance of
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hydrogen to 1.8·10−10 molH2
/m2sPaH2

. An increase of the overall pressure from

3.2 to 6.2 (with a constant differential pressure between retentate and permeate)

increases the flux of hydrogen, but it results in a decrease of the permeance to 0.8

·10−10 molH2
/m2sPaH2

and 1.4 ·10−10 molH2
/m2sPaH2

at room temperature and

80 ◦C, respectively. The combined effect of increasing temperature and pressure

until reaction conditions (220 ◦C and 25 bar) results in a great increase in the flux

of hydrogen through the membrane. The differential pressure has a negative effect

on the permeability of hydrogen, attributed to the presence of liquid in the larger

pores and the resulting decrease of the effective diffusivity coefficient. The mem-

brane proved to be suitable to conduct APR, and resulted in an increase in the

hydrogen yield by a factor of 2.5 with respect to a reference reactor that operated

under analogous conditions with no membrane.





8
Conclusions and Recommendations

8.1 Conclusions

This thesis deals with the production of hydrogen by aqueous phase reforming

(APR) of bio-based carbohydrates through a combination of catalysis and reactor

engineering. The main conclusions of this work are summarized below.

APR of model carbohydrates

Ethylene glycol and sorbitol were used throughout this thesis as model carbohy-

drates. Ethylene glycol is one of the simplest carbohydrates with the desired func-

tionality to be converted to hydrogen via APR. Thus, its study as model carbohy-

drate served as an initial step towards the understanding of the chemistry in APR.

For practical implementation, however, the conversion of larger carbohydrates is

desired to minimize pretreatment costs. Sorbitol was used as a model carbohydrate

for these larger carbohydrates as reactant for APR. In general, the conversion of

these model compounds to hydrogen via APR over a Pt-based catalyst proceeds

via dehydrogenation, followed by decarboxylation/decarbonylation and water-gas

shift. The selectivity to hydrogen tends to decrease with increasing conversion due

to secondary -hydrogen consuming- reactions, mainly consisting of the parallel de-

hydration and hydrogenation of the feed towards water soluble polyhydroxyspecies

(e.g., alcohols, ketones, aldehydes and organic acids), and eventually alkanes. Al-

though both ethylene glycol and sorbitol showed a similar reaction mechanism,

sorbitol exhibited stronger proclivity for undesired hydrogen-consuming reactions

147
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than ethylene glycol. Hence, the conversion of sorbitol to hydrogen proceeded with

a lower hydrogen selectivity than that of ethylene glycol (ca. 10-20 % vs ca. 80-90

%).

Inhibiting effect of hydrogen

A clear inhibiting effect of the hydrogen pressure on the rate of reforming is ev-

idenced for both ethylene glycol and sorbitol, while the yield to side products

increases with increasing hydrogen pressure, especially when using sorbitol as re-

actant. Accordingly, reducing the hydrogen concentration at the catalyst surface

is proposed as a key step towards increasing the hydrogen yield.

Hydrogen stripping to increase hydrogen yield

Addition of nitrogen as stripping gas results in a decrease of the inhibiting effect

of hydrogen on the yield to hydrogen. This is due to a decrease of the hydrogen

pressure in the gas phase, and to an increase of the gas-liquid contact area (i.e.

increase of liquid-gas mass transfer rate of hydrogen). Optimization of the nitrogen

to liquid flow ratio should be evaluated as there is a trade off between economic

and kinetic/selectivity aspects.

Reactor modeling as a useful tool to aid reactor design

A three-phase reactor model was developed which successfully predicts the exper-

imental results of APR of ethylene glycol with sufficient accuracy to extrapolate

qualitative information concerning the effect of gas-liquid mass transfer coefficient,

absolute pressure, and nitrogen to liquid flow ratio at the reactor inlet. A high mass

transfer coefficient from the active sites to the gas phase will aid hydrogen removal

from the catalyst surface and will result in a remarkable increase of the hydrogen

yield. The addition of nitrogen as stripping gas is also beneficial, although it needs

to be coupled with a high mass transfer rate. From a reactor engineering point of

view, the increase of the mass transfer rate is a more interesting approach since

it does not increase the operating costs. This can be achieved for example by

boosting the direct contact between solid and gas phase, without influencing the

catalyst wetting and the continuous surface renewal of the reactants (e.g. in a

microchannel reactor with Taylor flow regime).

Synthesis, characterization and catalytic testing of a Pt/AlO(OH) layer
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washcoated on the walls of a microchannel reactor for APR

A highly uniform and well adhered 5 µm boehmite [AlO(OH)] layer was deposited

on the walls of a 320 µm internal diameter (ID) microchannel in a single step by a

static technique. Subsequent impregnation of the active metal on this layer leads

to a uniform Pt/AlO(OH) catalytic washcoat. During APR of ethylene glycol,

this catalytic washcoat exhibits an initial drop of 15% in the activity, followed by

several days of stable performance. Therefore, deactivation is not considered as a

limitation for its implementation. Mild sintering of the Pt particles is observed,

but no coke formation and no Pt leaching are detected. This work should be con-

sidered as the first step towards the implementation of microreactor technology

for APR.

Continuous hydrogen stripping in a washcoated microchannel reactor

operated under the Taylor flow regime

When conducting APR with continuous hydrogen stripping (i.e., co-feeding ni-

trogen), the Pt/AlO(OH) washcoated microchannel reactor operated under the

Taylor flow regime results in greater hydrogen yields than a conventional fixed

bed reactor (FBR) using a Pt/AlO(OH) bulk catalyst under analogous conditions.

The microchannel reactor benefits from the combined effect of a reduced hydrogen

partial pressure in the gas phase, and an excellent mass transfer of hydrogen from

the catalyst active site to the inert gas phase. This aids the removal of hydro-

gen from the catalyst surface, promotes the hydrogen production rate, and limits

its availability to participate in undesired hydrogen-consuming reactions. Greater

benefits of the microchannel reactor with respect to the FBR are found during

APR of sorbitol compare to using ethylene glycol. With respect to a fixed bed

reactor, the yield of hydrogen per mole of sorbitol fed was increased by a factor of

2-3. With this study, the benefits of microtechnology for APR are demonstrated,

predicting an significant size reduction in the final reformer.

Synergism between catalyst design and the reactor configuration by

combining APR with continuous hydrogen stripping in a Pt-Ru wash-

coated microchannel reactor operated under the Taylor flow regime

The Pt-Ru bimetallic catalyst renders higher activity for APR of sorbitol with re-

spect to the reference monometallic Pt and Ru catalysts. However, when the Pt-Ru

washcoated microchannel reactor is operated with only liquid feed (i.e., without
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hydrogen stripping), the selectivity to hydrogen was significantly diminished with

respect to the reference monometallic Pt catalyst. On the other hand, when APR

is combined with continuous hydrogen stripping in a microchannel reactor oper-

ated under the Taylor flow regime, the Pt-Ru bimetallic catalyst achieves a higher

activity with no loss in hydrogen selectivity. Thus, the microchannel reactor oper-

ated under the Taylor flow regime was essential to couple high activities and high

selectivities, resulting in an overall increase of the hydrogen production rate.

APR coupled with in-situ hydrogen consumption in a desired reaction

Methane was selectively produced by the direct conversion of sorbitol in an aqueous

medium at 220 oC over a mixture of Pt and Ru catalyst with no external addi-

tion of hydrogen. This conversion was the result of partially converting sorbitol

into hydrogen and proceeding with the hydrogenolysis of the remaining sorbitol

towards methane. It is believed that the direct consumption of hydrogen during

the hydrogenolysis reaction reduces the hydrogen concentration in the reactor,

and therefore, promotes the rate of hydrogen production in the reforming path-

way over Pt. At the same time, the rapid generation of hydrogen promotes the

C-C scission reactions over the Ru surface, which strongly benefits the selectivity

towards methane. Whereas the production of methane from polyols is understood

to be an inefficient process when hydrogen needs to be added to the reactor, the

in situ generation of hydrogen and high selectivities to the desired product make

this process a potential application to produce a renewable equivalent of natural

gas from low-value carbohydrates streams.

APR in a hydrophobic tubular membrane reactor

A carbon coated on alumina tubular membrane with 4 nm average pore size was

successfully prepared by a polymerization method applied on a commercial alu-

mina porous support. The carbon layer provided the membrane with a hydrophobic

character, thanks to which it was possible to operate with a positive differential

pressure between retentate and permeate with no loss of liquid. The hydropho-

bic character of the membrane also served to minimize the interaction between

the ceramic support and water, thus reducing the risks of membrane degradation

upon operation. The membrane showed no change in pore size after 48 hours of

hydrothermal treatment under APR reaction conditions (220 ◦C and 25 atm).

The membrane proved to be suitable to conduct APR, and resulted in an increase
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in the hydrogen yield by a factor of 2.5 with respect to a reference reactor that

operated under analogous conditions with no membrane.

8.2 Recommendations

In this thesis, it is demonstrated that the conversion of bio-based carbohydrates

via APR is an attractive route to produce renewable hydrogen. This route may of-

fer an excellent opportunity to upgrade readily available and inexpensive aqueous

(bio) waste streams (for example, the organic fractions of industrial waste streams,

biodegradable municipal solid waste, or agricultural residues) into a valuable prod-

uct (like hydrogen or methane, as discussed in Chapter 6), while reducing the

pressure on other waste management/waste water treatment options. Like most

of the studies about APR, this thesis focuses only on the conversion of model car-

bohydrates. For example, sorbitol is a representative derivative of the C6 fraction

of biomass, which accounts for nearly three quarters of the total lignocellulosic

biomass. Although valuable information can be obtained from these studies on

model carbohydrates, they do not consider the entire complexity of the real feed-

stocks. Such feeds may contain impurities like organic acids, mixtures of different

types of sugars, etc. that will probably have an impact on several aspects of this

process. Thus, as a necessary step towards the final implementation of APR, it is

important to eventually extend these studies to real feedstocks in order to fully

assess their conversion to hydrogen via APR.

In spite of the limitations associated with the use of model carbohydrates, this

thesis offers valuable insight into the reactivity of APR, based on which it is pos-

sible to elucidate effective solutions to overcome some of its major limitations.

According to the results herein reported, the successful implementation of APR is

hindered by selectivity challenges, specially when using relatively large carbohy-

drates like sugars or sugar alcohols, which are subject of intensive parallel reactions

that consume the desired product, hydrogen, and part of the feed. From this point

of view, the use of relatively small compounds like ethylene glycol appears to be

more convenient for the immediate application of this technology for hydrogen

production. Yet, the rate of hydrogen production is inhibited by the increasing

concentration of the hydrogen produced, which results in a saturating production

rate as the conversion increases. The use of microchannel reactors for APR, cou-
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pled with continuous hydrogen stripping is proposed herein as a possible approach

to mitigate those limitations, although it rises some concerns regarding the costs

of using a valuable inert gas (nitrogen). If nitrogen is used as stripping agent, the

nitrogen/hydrogen mixture could be directly fed to a fuel cell where hydrogen is

consumed to produce electricity, while the remaining gas is recirculated to the

micro-reformer. Alternatively, the use of an inexpensive gas as stripping agent,

for example CO2, which is a co-product of APR, could be an attractive option.

Nevertheless, the effect of co-feeding CO2 on the kinetics of APR should be further

investigated.

Another possibility to avoid the use of a gaseous stripping agent is to replace

it by a liquid stream that is immiscible with water and where the solubility of hy-

drogen is higher than that in the aqueous phase. This system would be a reactive

liquid-liquid extraction. Organic solvents, for example, can be co-fed together with

the aqueous feed solution to create a liquid-liquid Taylor flow inside the micro-

channel reactor with similar properties as those described for the nitrogen-water

system. The solubility of hydrogen in organic solvents is remarkably higher than

the solubility of hydrogen in water (ca. 5-6 times larger). Unlike the solubility of

gases in water, the solubility of gases in organic solvents usually increases with

the temperature, which may offer interesting advantages at high reaction temper-

atures. Thus, the use of a liquid stream can be beneficial in terms of costs and

logistics with respect to the use of nitrogen, while the effects on the kinetics of

APR and on the selectivity to hydrogen are expected to be similar to those ob-

served when using nitrogen as stripping agent. Still, further investigation needs to

be conducted to fully assess this alternative.

The introduction of Ru to the Pt/AlO(OH) washcoated microchannel reactor has

shown to be beneficial because the bimetallic system renders higher production

rates at lower costs than the monometallic Pt when the microchannel reactor is

operated under the Taylor flow regime with nitrogen as stripping agent. Nowadays

there is an increasing interest in bimetallic catalytic systems for APR. Several com-

binations of metals, for example PtRe, PtNi, etc. have already shown promising

synergistic effects for the production of hydrogen by APR [13, 39]. It is conceiv-

able that these bimetallic systems may result in even higher hydrogen yields when

used in the microchannel reactor configuration herein described. We believe that
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further investigation on this matter could be an interesting next step.

Coupling APR with a desired -hydrogen consuming- reaction is also proposed

in this thesis. In this case, the rapid and selective production of methane was

achieved by using a physical mixture of Pt and Ru catalysts. Yet, the relatively

low value of the final product, methane, constrains this process to the conversion

of low value dilute carbohydrate streams. Since the intensive hydrogenolysis of

carbohydrates and the reactive intermediates ultimately leads to methane pro-

duction, it is expected that this conversion route is suitable to process low grade

dilute streams containing a mixture of carbohydrates. In addition, it is conceivable

that an optimization of the catalytic system and reaction conditions (e.g., nature

and relative amount of the metals, residence time, etc.) may drive the selectivity

towards more valuable polyols from the hydrogenolysis of the feed, still by making

use of the hydrogen produced in situ by APR. This route would enhance the rate

of hydrogen production by APR, and would suppress the need for external addi-

tion of hydrogen for the production of valuable polyols.

A number of alternative hydrogen-consuming reactions may also be coupled with

APR. For example, hydrogen could be consumed during the hydrogenation of a

series of organic solvents that can function as hydrogen liquid storage mediums

due to their ability to hydrogenate and dehydrogenate reversibly. This is the case,

for example, of the toluene/methylcyclohexane (MCH) system. The production of

hydrogen via APR could be conducted in a microchannel reactor operated under

the Taylor flow regime using a water/toluene system. Toluene in this case would be

continuously hydrogenated to form MCH, the end product. A preliminary test was

conducted using APR of sorbitol in a microchannel reactor with a Pt-Ru/AlO(OH)

layer, which is active for both APR and for the hydrogenation of toluene to MCH

under similar conditions. Although the preliminary results suggest a positive ef-

fect on the yield to hydrogen, further investigation should be done to draw definite

conclusions.

Another means to avoid the direct stripping of hydrogen in a co-current mode

is the use of a pervaporative membrane to continuously separate the hydrogen-

rich gas from the liquid reaction medium. This alternative has been discussed in

Chapter 7 of this thesis, where a carbon-based membrane reactor was described,
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and a number of improvements were also proposed. According to the results herein

reported, the optimum performance of this pervaporative membrane for APR is

envisioned when the internal diameter of the reactor is further reduced to a micro-

scale level, when the catalyst is deposited as a thin layer on the reactor walls, and

when the reactor is operated at low residence times and higher reaction temper-

atures. In this line, further investigation should be pursued in order to develop a

micro-membrane reactor with a catalystic washcoat. The long term hydrothermal

stability of the membrane material needs to be contemplated as one of the most

important conditions for the successful implementation of such system.

Although this thesis contemplates the use of microreactors for the production of

hydrogen via APR, the scaling up of multiphase microreactors at industrial scale

will only be possible in a mid-long term future. Based on the results reported in

this thesis, we also envision possible improvements of APR using more conven-

tional reactor systems that may bring APR closer to industrial implementation in

a near future. An example would be a semi-batch system where the liquid phase

is stirred together with the solid catalyst, possibly deposited in a foam stirrer,

and the gas phase flows continuously allowing the reaction to take place with the

minimum concentration of hydrogen. This system would offer high solid to gas

mass transfer rates, enhancing both conversion and selectivities.
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[28] B. Meryemoglu, B. Kaya, S. Irmak, A. Hesenov and O. Erbatur, Fuel, 2012,

97, 241–244.

[29] S. Irmak, M. Kurtulu, A. Hasanolu (Hesenov) and O. Erbatur, Biomass and

Bioenergy, 2013, 49, 102–108.

[30] R. R. Soares, D. a. Simonetti and J. a. Dumesic, Angewandte Chemie (In-

ternational ed. in English), 2006, 45, 3982–5.

[31] Y.-C. Lin, International Journal of Hydrogen Energy, 2013, 38, 2678–2700.

[32] M. Ayoub and A. Z. Abdullah, Renewable and Sustainable Energy Reviews,

2012, 16, 2671–2686.

[33] R. R. Davda and J. A. Dumesic, Chem. Commun., 2004, 36–37.

[34] L. Vilcocq, a. Cabiac, C. Especel, S. Lacombe and D. Duprez, Catalysis

Today, 2012, 189, 117–122.

[35] A. V. Kirilin, A. V. Tokarev, L. M. Kustov, T. Salmi, J.-P. Mikkola and

D. Y. Murzin, Applied Catalysis A: General, 2012, 435-436, 172–180.

[36] T. Jiang, T. Wang, L. Ma, Y. Li, Q. Zhang and X. Zhang, Applied Energy,

2012, 90, 51–57.

[37] J. W. Shabaker, G. W. Huber, R. R. Davda, R. D. Cortright and J. A.

Dumesic, Catalysis Letters, 2003, 88, 1–8.

[38] G. Wen, Y. Xu, H. Ma, Z. Xu and Z. Tian, International Journal of Hydrogen

Energy, 2008, 33, 6657–6666.

[39] V. Dal Santo, A. Gallo, A. Naldoni, M. Guidotti and R. Psaro, Catalysis

Today, 2012, 197, 190–205.

[40] D. L. King, L. Zhang, G. Xia, A. M. Karim, D. J. Heldebrant, X. Wang,

T. Peterson and Y. Wang, Applied Catalysis B: Environmental, 2010, 99,

206–213.



158 Bibliography

[41] H.-D. Kim, H. J. Park, T.-W. Kim, K.-E. Jeong, H.-J. Chae, S.-Y. Jeong,

C.-H. Lee and C.-U. Kim, Catalysis Today, 2012, 185, 73–80.

[42] J. Fu, S. H. Hakim and B. H. Shanks, Topics in Catalysis, 2012, 55, 140–147.

[43] L. Zhang, A. M. Karim, M. H. Engelhard, Z. Wei, D. L. King and Y. Wang,

Journal of Catalysis, 2012, 287, 37–43.

[44] A. V. Kirilin, A. V. Tokarev, H. Manyar, C. Hardacre, T. Salmi, J.-P. Mikkola

and D. Y. Murzin, Catalysis Today, 2014, 223, 97–107.

[45] A. Ciftci, D. M. Ligthart, A. O. Sen, A. J. van Hoof, H. Friedrich and E. J.

Hensen, Journal of Catalysis, 2014, 311, 88–101.

[46] M. El Doukkali, a. Iriondo, P. Arias, J. Requies, I. Gandaŕıas, L. Jalowiecki-
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[153] F. Garćıa-Garćıa, S. Tsang and K. Li, Journal of Membrane Science, 2014,

455, 92–102.

[154] S. Ylmaz and H. Selim, Renewable and Sustainable Energy Reviews, 2013,

25, 420–430.

[155] Y. H. P. Zhang and J. R. Mielenz, Energies, 2011, 4, 254–275.

[156] Y. Wang, K. S. Chen, J. Mishler, S. C. Cho and X. C. Adroher, Applied

Energy, 2011, 88, 981 – 1007.

[157] Y. Lang, R. R. Arnepalli and A. Tiwari, Journal of Nanoscience and Nan-

otechnology, 2011, 11, 3719–3739.

[158] K. Christopher and R. Dimitrios, Energy & Environmental Science, 2012, 5,

6640.

[159] N. Luo, F. Cao, X. Zhao, T. Xiao and D. Fang, Fuel, 2007, 86, 1727–1736.

[160] M. F. Neira D’Angelo, V. Ordomsky, J. van der Schaaf, J. C. Schouten and

T. A. Nijhuis, Catal. Sci. Technol., 2013, 3, 2834–2842.

[161] J. W. Shabaker, R. R. Davda, G. W. Huber, R. D. Cortright and J. A.

Dumesic, Journal of Catalysis, 2003, 215, 344–352.

[162] S. Kandoi, J. Greeley, D. Simonetti, J. Shabaker, J. A. Dumesic and

M. Mavrikakis, Journal of Physical Chemistry C, 2011, 115, 961–971.

[163] A. M. Wilhelm and H. Delmas, Latin American Applied Research, 2004, 34,

71–74.



Bibliography 167

[164] J. D. S. John J. Carroll and A. E. Mather, J. Phys. Chem. Ref. Data, 1991,

20, 1201.

[165] R. Tschentscher, T. Nijhuis, J. van der Schaaf, B. Kuster and J. Schouten,

Chemical Engineering Science, 2010, 65, 472–479.

[166] M. Meeuwse, J. van der Schaaf, B. Kuster and J. Schouten, Chemical Engi-

neering Science, 2010, 65, 466–471.

[167] M. Meeuwse, E. Hamming, J. van der Schaaf and J. C. Schouten, Chemical

Engineering and Processing: Process Intensification, 2011, 50, 1095–1107.

[168] M. F. Neira D’Angelo, V. Ordomsky, J. C. Schouten, J. van der Schaaf and

T. A. Nijhuis, ChemSusChem, 2014, 7, 2007–2015.

[169] N. Luo, X. Fu, F. Cao, T. Xiao and P. P. Edwards, Fuel, 2008, 87, 3483–3489.

[170] V. Meille, Applied Catalysis A: General, 2006, 315, 1–17.

[171] E. V. Rebrov, Lab on a Chip, 2009, 9, 503.
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