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Summary - Membranes in Fluidized Beds

Fluidized bed membrane reactors combine the excellent separation prop-

erties of membranes with the advantages of fluidized bed reactors, such

as circumventing equilibrium limitations and achieving higher product

yields without inefficiencies due to hot spot formation or concentration

polarization. These advantages have clearly led to an increasing number

of applications of gas-solid fluidized bed membrane reactors being pro-

posed and investigated worldwide. Nevertheless, detailed understanding

of the effect of immersed membranes on the behavior of fluidized beds is

still largely lacking. However, good closure relations are crucial for the

predictive capabilities of phenomenological models used for the design

of membrane-assisted fluidized bed reactors, and these require detailed

knowledge about the fluidized bed hydrodynamics and the effect of the

presence of - and permeation through - membranes.

To bridge the gap between theory and application, this study fo-

cuses on the hydrodynamic aspects of fluidized beds with immersed

membranes. In particular, attention is paid to the solids circulation

patterns as well as the bubble size distribution. Closely related to these

important topics are solids mixing, energy dissipation and the porosity

distribution; all these aspects determine the reactor performance to a

large extent. In this study, these aspects have been investigated in de-

tail from both an experimental as well as a numerical perspective. Two

different membrane configurations have been considered: fluidized beds

with vertical (flat) membranes confining the fluidized gas-solid emulsion

and fluidized beds with immersed horizontal membrane tubes.

The unique combination of Particle Image Velocimetry (PIV) and

Digital Image Analysis (DIA) allows simultaneous and non-invasive ex-

perimental determination of the solids flux profiles as well as the bubble

properties, which are strongly correlated. For this purpose, an improved

DIA algorithm, based on artificial images created from a Discrete Par-

ticle Model (DPM) simulation, thus correlating 2D intensity and 3D
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porosity, has been developed, thoroughly tested and applied. Compared

to the conventional DIA, the error in the solids fluxes is decreased from

18.7 % to 12.3 %. The DPM is an Euler-Lagrange model that solves the

gas flow field and pressure distribution on a Cartesian grid, while the

particles are tracked individually using Newton’s second law of motion

while accounting for collisions. To allow round objects - such as mem-

brane tubes - to be included, an explicit Immersed Boundary Method

was integrated into the existing in-house DPM code. For sufficiently

small time steps and realistic packing fractions the predictions of the

new model are in line with literature.

Counter-intuitively, adding gas via vertical membranes in the left

and right wall to the fluidized bed decreases the average bubble size,

because the additional voids near the membranes cause bubbles to split

up and move to either side. This results in an inverted solids circulation

pattern, where particles move downward via the center. On the other

hand, during gas extraction, semi-stagnant zones near the walls force

both particles and gas towards the center of the bed, resulting in slightly

larger bubbles. Despite some shortcomings of both DPM and TFM (the

latter in particular with respect to the predicted porosity distribution),

in all cases qualitative agreement between simulations and experiments is

found for different system sizes. With respect to vertical flat membranes

it can be concluded that by tuning the permeation rate through the

membranes, the bed properties can be optimized.

Immersed horizontal membrane tubes show a very different effect on

the hydrodynamics than vertical membranes; merely the presence of the

membranes causes the bed height to decrease and thus creates a more

homogeneous distribution of solids throughout the entire bed. More-

over, the bubble size is significantly decreased. The solids circulation

pattern remains unchanged, although is decreased in magnitude. De-

spite the significant changes caused by the presence of the membrane

tubes, the permeation rate, membrane tube configuration, tube diam-

eter and number of tubes hardly show any influence on solids motion

and bubble properties. DPM simulations qualitatively confirm all these

results. Furthermore, the simulation results reveal that both energy dis-
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sipation as well as gas back-mixing are decreased in systems containing

immersed membrane tubes, while solids mixing times are increased.

For the design of future fluidized bed membrane reactors, these re-

sults imply that horizontal membrane tubes may be preferred over verti-

cal membranes because of the enhanced bubble-to-emulsion phase mass

transfer resulting from the decrease in the average bubble size.
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1
Introduction

This introductory chapter gives an overview of the benefits of fluidized

bed membrane reactors (FBMR’s) and highlights their potential fields

of application. The research objective - governing the contents of this

thesis - and also the approach, that is employed to achieve this objective,

are presented and clarified. For the latter, we introduce experimental

and numerical techniques in advance. At last, the outline of the thesis

is presented.
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1.1 Fluidized bed membrane reactors

Many different types of fluidized bed membrane reactors (FBMR’s) have

been proposed worldwide, and several research groups are studying their

potentials and hurdles. This is not surprising, because FBMR’s (either

for selective reactant feeding or product removal) offer several significant

advantages over conventional reactors:

• Shifting thermodynamical equilibrium: the removal of one

of the products lowers its partial pressure inside the reactor, thus

forcing equilibrium reactions towards the products’ side. This

leads to higher reactant conversion in the reactor and thus in-

creased product yield.

• Safer reactor operation: in particular when working with oxy-

gen in combination with flammable gases, the explosion limits of

the reactant stream can easily be reached or exceeded, which re-

sults in potentially dangerous situations. By feeding oxygen via

membranes into a fluidized bed, this can be avoided.

• Distributed feed: in contrast to reactors with a single pre-mixed

feed stream, which can potentially suffer from hot spot formation

or inhomogeneous temperature distributions, in FBMR’s one of

the reactant streams (often oxygen) is fed in a distributed and

controlled manner.

• Pure products: with perm-selective membranes, highly pure

products can be directly obtained. A well-known and much in-

vestigated example is the use of palladium-based membranes to

extract hydrogen.

• In-situ separation: in many plants, the separation of reactants

or products is more difficult and costly than the reactor itself.

Perm-selective membranes inside the fluidized bed avoid separa-

tion processes upstream or downstream of the reactor.

• No concentration polarization: in packed bed membrane re-

actors, concentration polarization (concentration build-up of one
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of the components) may play an important role near the mem-

brane wall, strongly decreasing the membrane’s effectiveness. In

fluidized beds, however, the boundary layer is constantly replen-

ished by the solids movement, resulting in a much better membrane

performance.

• Equal temperature distribution: compared to packed beds,

the solids movement results in a virtually homogeneous tempera-

ture distribution throughout the entire reactor. This is not only

beneficial to avoid hot spot formation, but also for a better reac-

tion control.

These advantages are clearly reflected in the extensive number of po-

tential FBMR designs proposed. Mleczko et al. (1996) studied oxygen

addition via membranes for the partial oxidation of methane to syngas.

A related area of research is the oxidative dehydrogenation of hydrocar-

bons. Al-Sherehy et al. (2005) studied the conversion of ethane into ethy-

lene, and Deshmukh et al. (2005a) studied the conversion of methanol

to formaldehyde. Other application areas of fluidized bed membrane

reactors include the Fischer-Tropsch synthesis in GTL technology and

methanol synthesis from syngas (Rahimpour and Elekaei, 2009; Rahim-

pour et al., 2010), the reaction of butane to maleic anhydride (Marin

et al., 2010) and the dehydrogenation of propane (Gimeno et al., 2009).

Besides reactors for the selective addition of reactants, also the selec-

tive removal of products in FBMR is a much investigated topic. Already

in the early 90s Adris et al. (1991) patented a reactor concept for the

selective removal of hydrogen from a fluidized bed for steam reforming of

methane. Chen et al. (2008) and Rakib et al. (2010a,b) also investigated

the steam reforming of higher hydrocarbons.

Patil et al. (2005) combined the ideas of selective product removal

via palladium membranes and selective oxygen feed via perovskite mem-

branes in a novel reactor concept for the steam reforming of methane.

This concept for the production of ultra-pure hydrogen with intrinsic

CO2 capture is illustrated in Figure 1.1.



1

14 Introduction

Figure 1.1: Fluidized bed membrane reactor concept for autothermal methane

reforming with integrated CO2 capture. Perovskite membranes are used for

selective oxygen addition (lower section) and palladium membranes for selective

hydrogen extraction (upper section) (Kuipers et al., 2006).
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1.2 Research objective

Despite many fluidized bed membrane reactors (FBMR’s) have been pro-

posed, as outlined in the previous section, fundamental knowledge on the

effect of membranes on the hydrodynamics of the fluidized bed is largely

lacking. The majority of these reactor designs rely on experimentally

acquired data and phenomenological models, which often employ ad-hoc

empirical relations that even neglect the influence of internals. These

closure relations have a big impact on the predictive capabilities of the

phenomenological models, and eventually on the reactor performance.

For a reliable reactor design, fundamental knowledge is essential.

In order to bridge the gap between theory and applications, this

study focuses exactly on these fundamental aspects of FBMR’s. The

solids properties (distribution, circulation patterns and mixing) are of

great importance to achieve a homogeneous temperature distribution.

The bubble size distribution determines the mass transfer rates inside

the fluidized bed, while increased gas back-mixing can have a negative

influence on the product selectivity and yield of the reaction. Therefore,

we investigate the influence of the presence of - and permeation through

- membranes inside fluidized beds on the bed hydrodynamics, i.e. in

particular on the solids circulation, solids fraction, solids mixing, axial

and lateral bubble size distribution, energy dissipation and gas back-

mixing. We achieve the objective - a thorough investigation of the effects

on these parameters - by studying different membrane arrangements in

fluidized beds of different dimensions, both experimentally as well as by

means of Computational Fluid Dynamics (CFD) models.

1.3 Approach

The influence of membranes inside fluidized beds can be investigated in

several ways. In this study, an experimental approach is combined with

Computational Fluid Dynamics (CFD). For this purpose, two pseudo-

2D experimental setups have been constructed and will be discussed

in the following chapters. A high-speed camera for Particle Image Ve-
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Figure 1.2: Schematical illustration of the PIV-setup connected to a pc for

post-processing with DIA.

locimetry (PIV) in combination with Digital Image Analysis (DIA) for

postprocessing is employed to reconstruct solids movements and bubble

properties in detail. A schematical illustration of this setup is portrayed

in Figure 1.2.

In addition to experiments, several different CFD-models have been

developed to assist in the study on the hydrodynamics of FBMRs. An

overview of commonly used models is given in Figure 1.3. Direct Nu-

merical Simulations (DNS) is the most detailed model, in which the gas

flow around all particles is fully resolved. Unfortunately, this is a com-

putationally very expensive model. Because it can only handle up to

about 1000 particles, DNS is not suitable for this study.

On the other hand of the spectrum is the Phenomenological Model.

This model does not calculate flow fields, but describes the solids and

bubble phases as a series of CISTR’s. The main advantages of this

model are that it is extremely fast and that it can model industrial
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scale reactors. On the downside, its accuracy is completely based on the

applicability of the empirical relations included in this model. Without

proper constitutive relations, the predictive capabilities of this model are

poor. Unfortunately, for fluidized bed membrane reactors with immersed

membranes, these relations do not yet exist, which makes it difficult to

use the phenomenological model for a reliable reactor design.

The absence of these relations is what we want to change. The first

step to reach this goal is a better fundamental insight in how the pres-

ence of and permeation through submerged membranes influence the

hydrodynamic properties of the fluidized bed. And for that reason the

Discrete Particle Model (DPM) and Two-Fluid Model (TFM) are used:

these models are computationally less expensive than the DNS, but are

much more accurate and give much more insight than the phenomeno-

logical models. The DPM combines Lagrangian tracking of individual

particles with a continuum description of the gas phase. In contrast to

DNS, in DPM the grid size is larger than the particle size, meaning that

the interaction between gas phase and particles remains unresolved and

is modeled via a drag closure relation. Large objects, such as membrane

tubes, are incorporated with an algorithm referred to as the Immersed

Boundary Method (IBM). In contrast to DPM, which still distinguishes

all particles individually, the TFM describes both the fluid phase as well

as the solids phase as inter-penetrating continua. Closures for the solids

phase rheology are obtained via the Kinetic Theory of Granular Flow

(KTGF).

Most possible membrane configurations can be classified into FBMR’s

having horizontal or vertical membranes. In case of vertical membranes,

these can be either tubes or the reactor walls acting as membranes,

in case of horizontal membranes mainly membrane tubes are used (see

Figure 1.4). In this work we focus on two different configurations. In

the first configuration the vertical walls confining the fluidized bed act

as membranes. This configuration mimics one cell out of a membrane

module consisting of many parallel flat membrane plates. The second

configuration considered in this work is a fluidized bed with horizon-

tally immersed membrane tubes. In this work the effect of gas addition
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Figure 1.3: Overview of numerical models to describe fluidized beds; (a) Di-

rect Numerical Simulations, (b) Discrete Particle Model, (c) Two-Fluid Model,

using solids fractions instead of distinct particles, and (d) Phenomenological

Model.
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Figure 1.4: Possible membrane configurations inside fluidized beds. The arrows

indicate extraction or addition of gas via the membranes.

or extraction via the membranes on the fluidization characteristics is

investigated in detail.

1.4 Thesis outline

The succeeding chapters of this thesis are divided into two parts; the

first part investigates the vertical membrane configuration with gas per-

meation via the left and right walls, the second part studies horizontal

membrane tube configurations.

Because postprocessing of experimentally acquired PIV-images (re-

quired for both parts of this thesis) is done using Digital Image Analysis

(DIA), Chapter 2 is completely dedicated to discuss the development

and validation of a novel DIA algorithm for solids fraction determina-

tion, including a comparison to a conventional DIA algorithm. Chapter

3 shows experimental results of a 30 cm wide fluidized bed with gas

permeation via vertical flat membranes, focusing on bubble size distri-



1

20 Introduction

bution and solids circulation patterns. However, the chosen bed size for

this experimental set-up is too large to allow for direct comparison to

DPM or TFM simulations. Therefore, this comparison is carried out in

Chapter 4 in a smaller fluidized bed set-up: one of 4 cm in width.

For the correct handling of round objects - such as membrane tubes

- the Immersed Boundary Method (IBM) was integrated into the exist-

ing DPM. The development and validation of this combined Immersed

Boundary Discrete Particle Model is discussed in Chapter 5. Subse-

quently, for a fluidized bed of 9 cm in width, this new model was

employed to study different membrane tube configurations, membrane

diameters and pitch with respect to bubble properties, solids motion,

solids mixing and energy dissipation. Here, also a comparison to the re-

sults with vertical flat membranes is made. Last, in Chapter 7 different

membrane tube configurations are studied and compared. Because this

set-up is also 30 cm in width, the results can also be compared to the

experimental results presented in Chapter 3.
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Development and Validation of a Novel

PIV-DIA Method

Particle Image Velocimetry (PIV) is a widely applied non-intrusive, op-

tical experimental technique to measure characteristics of the solids mo-

tion in pseudo 2D fluidized beds. A reliable correlation between the

2D image intensity and the true 3D solids fraction in fluidized beds is

required to obtain more accurate information on the solid particle flux

profiles in granular systems. Using only experimental data, it is diffi-

cult - if not impossible - to obtain such a correlation, but by using data

from Discrete Particle Model (DPM) simulations to create artificial 2D-

images, we reconstructed this 2D-3D correlation for the solids fraction

correction.

It was found that the particle size and fluidization velocity have no

influence on the correlation and the intensity distribution function only

slightly affects the results for dilute regions, but the bed depth shows

the most prominent effect. A detailed comparison between the DPM

velocity field as a reference and the conventional and newly introduced

Digital Image Analysis (cDIA / nDIA) techniques shows that the error

in the solids flux decreases from 18.7 % to 12.3 %.
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2.1 Introduction

Particle Image Velocimetry (PIV) is a widely used experimental tech-

nique for the measurement of solids motion in pseudo 2D fluidized beds.

Advantages of PIV are its non-intrusiveness, its low costs compared to

other experimental techniques, such as Electrical Capacitance Tomogra-

phy, X-ray Tomography, Magnetic Resonance Imaging or Positron Emis-

sion Particle Tracking, and its superiority to intrusive and low-resolution

probe measurements. Originally developed for tracer particles to visual-

ize fluid flow patterns, Westerweel (1997), Link et al. (2004), Laverman

et al. (2008) and van Buijtenen et al. (2011a) successfully extended the

technique to gas-particle systems. For granular flows PIV can achieve

a relatively high temporal and spatial resolution, but the technique can

only be applied to pseudo 2D systems because of the required visual

accessibility.

After taking consecutive instantaneous images with a high-speed

camera, cross-correlation analysis on an image pair is used to recon-

struct the complete solids velocity field. However, it is not the solids

velocity obtained by PIV, but the solids flux that provides the physically

most important information on the solids motion in gas-solid fluidized

beds. To account for differences in the local solids fraction, it has been

proposed to apply a rudimentary correction for bubbly fluidized beds,

assuming a solids fraction of zero inside bubbles, and a constant solids

fraction in the emulsion phase (Laverman et al., 2008), using a threshold

in the pixel intensity to discriminate between the bubble and emulsion

phases. However, in particular in the region near the distributor, where

bubble interfaces are less distinct, or in fast fluidization where a wide

range of solids fractions prevails, this approach introduces significant

errors.

To determine the solids flux profiles from the solids velocity profiles,

a reliable correlation between the 2D and 3D solids fraction (or porosity)

is required. Deen et al. (2006) introduced such a correlation based on a

single image:
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εs,3D = ε1.5s,2D (2.1)

Dijkhuizen et al. (2007) extended the granular PIV technique to measure

the granular temperature inside fluidized beds, validated with artificial

images created from Discrete Particle Model (DPM) simulations. The

concept of using artificial images as a tool to accurately investigate flu-

idized bed properties was also adopted by van Buijtenen et al. (2011a).

They investigated the possibility of using artificial images to improve

the 2D-3D correlation and found that for low solids fractions the rela-

tionship between εs,2D and εs,3D is almost linear, whereas at εs,2D ≈ 0.8

this relationship displays an asymptotic behavior. For the particles in-

vestigated (glass beads, γ-alumina oxide beads and Zeolite 4A of 1.5-2.3

mm in diameter at 1.2-2.3 u/umf ) they were able to capture these phe-

nomena well with the following general correlation, with fit parameters

A and B and a maximum 3D solids fraction εs,3D,max set to 0.6:

εs,3D =

{
εs,3D,max for εs,3D ≥ εs,3D,max
A·εs,2D

1− 1
B
εs,2D

for εs,3D < εs,3D,max
(2.2)

In their work parameter B was determined such that the solids fraction

integrated over the entire bed area equaled the (known) solids volume.

Note that this method can only be applied when the images encom-

pass the entire bed. This study continues this research to investigate

the influence of particle size, fluidization velocity, bed depth and in-

tensity distribution function on the fitting parameters A and B (fitted

independently in this work) in equation 2.2, using DPM simulations.

Furthermore, this chapter will make a detailed comparison between this

new Digital Image Analysis method (nDIA), the conventional method

of thresholding (cDIA) and the true solids flux as provided by the DPM

simulations. Because this DPM simulation provides the basis for the

artificial images that are used as input for the DIA, the DPM velocity,

DPM solids fraction and DPM solids flux can be used as a reference for

this comparison.
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In experimental PIV measurements, a cross-correlation technique is

used to reconstruct the solids velocity field. Therefore, the influence of

possible inaccuracies introduced to reconstruct the velocity field from

the artificial images created from the DPM simulations is also examined

in detail. With the cDIA and nDIA, it is then possible to provide a

measure of accuracy of the combined PIV and post-processing methods

on the solids flux profiles.

In Chapter 4, this novel method will be applied to experimental PIV

image series of 0.5 mm glass beads in a 4x1x12 cm3 fluidized bed with

air as fluidizing agent. The results of this experiment will be compared

to DPM simulations of the exact same system.

2.2 Methods

This section introduces the Discrete Particle Model, the concept of Par-

ticle Image Velocimetry and the method for the preparation of artificial

images from the DPM simulation results, where the shortcomings of

the conventional - and improvements of the new Digital Image Analysis

algorithm are highlighted.

2.2.1 Model description

For the modeling of fluidized beds different computational models can be

employed, often classified from the most detailed to the most coarse as:

fully resolved Direct Numerical Simulations, Discrete Element Methods

- for fluidization also called Discrete Particle Model (DPM), Two-Fluid

Models (also referred to as Continuum or Euler-Euler Models), Discrete

Bubble Models and Phenomenological (”Black Box”) Models (van der

Hoef et al., 2008).

This work employs a Discrete Particle Model (DPM), in which La-

grangian tracking of single particles is combined with a continuum de-

scription of the gas phase. Since the grid size is larger than the particle

size, the interactions between gas phase and particles remain unresolved

and are modeled via a drag closure relation. Because the model uses a
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fixed Cartesian grid, calculation times are small compared to models us-

ing unstructured or conformal grids. In contrast to continuum models,

the DPM allows the incorporation of detailed particle interaction mod-

els and gives sufficient detail to understand the underlying phenomena,

yet allows for much more particles than with fully resolved simulations,

required to capture macroscale solids circulation patterns. Therefore,

the DPM has been applied in this chapter.

In the DPM, all particles are tracked individually using Newton’s

second law of motion for the translational and rotational velocity of the

particles.

mi
dv̄i
dt

= −Vi∇p+
Viβ

εs
(ūf − v̄i) +mig

+
∑
k

(
F̄ik,n + F̄ik,t

)
(2.3)

Ii
dω̄i
dt

= T̄i (2.4)

Here v̄i is the particle velocity, mi the mass, Vi the volume of particle

i and β the interphase momentum transfer coefficient (where we have

implemented the correlation proposed by Beetstra et al. (2007)). I, ω̄

and T̄ are the moment of inertia, the rotational velocity and the torque

acting on the particle. The forces on the right-hand side of Eqn 2.3

represent the pressure gradient, drag force, gravity and collision forces,

respectively.

Particle-particle and particle-wall collisions are calculated with a

soft-sphere approach, employing a linear spring-dashpot model that dis-

tinguishes between sliding and sticking collisions. The gas-phase hy-

drodynamics are described with the continuity and volume-averaged

Navier-Stokes equations given in equations 2.5 and 2.6, where τf is the

gas-phase stress tensor (assumed Newtonian) and S̄f→s the source term

due to particle-gas interactions (excluding the pressure gradient force).
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Table 2.1: Settings used for the DPM simulations.

dp [µm] 50 100 500 1000

u/umf [-] 12 3 6 10 3 3 3 3 5 7 3

u [m/s] 0.038 0.03 0.06 0.1 0.65 0.65 0.65 0.65 1.08 1.52 1.68

Npart [-] 220k 220k 220k 220k 80k 330k 250k 400k 400k 400k 220k

NX [-] 90 90 60 90 60 60 60 60 90

NY [-] 1 1 5 1 5 5 5 5 1

NZ [-] 270 270 240 270 240 240 240 240 270

width [mm] 9 18 60 90 60 60 60 60 180

depth [mm] 0.3 0.6 3 6 10 15 15 15 6

height [mm] 27 54 240 270 240 240 240 240 540

∂ (εfρf )

∂t
+ (∇ · εfρf ū) = 0 (2.5)

∂ (εfρf ū)

∂t
+ (∇ · εfρf ūū) = −εf∇p+ εfρfg

− (∇ · εfτf )− S̄f→s (2.6)

For a more elaborate description of the DPM the reader is referred e.g.

to a review by Deen et al. (2007). Relevant settings of the simulations

are provided in Table 2.1. All simulations used a time step ∆t of 5 ·10−5

s, a grid resolution of 2 grid cells per particle diameter and air at ambient

conditions as fluidizing agent.

2.2.2 Particle Image Velocimetry

PIV is a non-intrusive optical technique based on the comparison of

two images recorded with a very small time delay with a high speed

CCD camera. For the analysis every image is divided into interrogation

zones, where cross-correlation on two consecutive images is employed

to obtain the most likely displacement of the particles in the selected

interrogation zone. These PIV image pairs are post-processed using the

commercial software package DaVis (LaVision). A multi-pass algorithm

using interrogation zones of 32x32 px (with 50 % overlap) and 16x16
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px (0 % overlap and high-accuracy mode using Lanczos reconstruction)

respectively was employed to reconstruct the corresponding vector im-

age. Unfortunately, the PIV software does not discriminate between

dense and dilute areas. For that reason the resulting vector image does

not provide profiles of the actual solids flux, but only the solids veloc-

ities. Therefore, a method to account for the solids fraction in every

interrogation zone is needed to determine the local solids fluxes.

2.2.3 Conventional Digital Image Analysis algorithm

The conventional Digital Image Analysis (DIA) algorithm applied to

bubbly fluidized beds discriminates between the bubble and solids phases

on the basis of the pixel intensity, employing a prescribed threshold

value. The algorithm corrects the vector image produced by the PIV

software for particles raining through the roof of larger bubbles, as de-

scribed by Laverman et al. (2008). Using merely the pixel intensity of

the acquired images as a measure of the local solids fraction introduces

an error, because the pixel intensity does not contain any depth infor-

mation of the solids hold-up, since this is not visible from the frontal

projection. Moreover, the conventional DIA algorithm did not account

for local variations in the solids fractions, but instead employed a ’bi-

nary’ approach, setting every pixel either to ”0” (for the bubble phase)

or to ”1” (for the emulsion phase), thereby limiting the application of

this technique to cases where the interface between the phases can be

clearly discerned. These shortcomings led to the development of a new

DIA algorithm with improved accuracy and wider applicability.

2.2.4 Generation of artificial images

Recorded images always yield a 2D profile of the pixel intensity which

is correlated to the solids fraction. In order to use 2D intensity informa-

tion to obtain a (3D) solids fraction profile, a correlation between these

two parameters is required. Because the true (3D) solids fraction can-

not be determined accurately from experimentally acquired images, the

Discrete Particle Model (DPM) has been used for this purpose. From a
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series of random simulation snapshots, artificial images have been cre-

ated. The script used for the generation of these images, overlays a

Gaussian intensity distribution function I(x, y, z) as function of the par-

ticle diameter dp for every particle, whose exact position (xi, yi, zi) is

known from the DPM simulation (Westerweel, 2000):

I(x, y, z) =
8I(z)

πd2p
e

−8

d2p
[(x−xi)2+(y−yi)2]

(2.7)

Thus, each particle obtains the highest intensity at the center of the

particle. Particles which lie behind other particles will not appear in

the resulting artificial image, thus creating a real frontal snapshot of

that situation. Except for the term I(z), equation 2.7 is a 2D intensity

representation. However, the intensity should depend on the depth po-

sition of the particle; particles that are located more towards the back

of the bed are (partially) shielded from the light by particles in the front

and have a lower pixel intensity on the recorded image. Unfortunately,

the actual dependency I(z) is unknown. In this work several different

intensity profiles (Eqn. 2.8-2.12) have been tested, with Imax and ∆z

being the maximum intensity and bed depth, respectively. Because the

majority of the image consists of dense emulsion phase with particles

immediately at the front of the image, Imax - and not an average value -

has been kept the same in these profiles in order to avoid large variations

in pixel intensity.

Ilinear(z) = Imax ·
(

1− 0.5
z

∆z

)
(2.8)

Ihigh−linear(z) = Imax ·
(

1− 0.3
z

∆z

)
(2.9)

Ilow−linear(z) = Imax ·
(

1− 0.7
z

∆z

)
(2.10)

Isqrt(z) = Imax ·
(

1− 0.5

√
z

∆z

)
(2.11)

Isquare(z) = Imax ·
(

1− 0.5
z2

∆z

)
(2.12)
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Figure 2.1: Different correlations for the pixel intensity I(z) investigated in

this work as a function of the relative depth position in the bed z/∆z.

Figure 2.1 portrays a graphical representation of these correlations. In

dense regions, a strong dependency of the intensity on the bed depth

is expected. In dilute regions, on the other hand, this dependency

will probably be much less pronounced, because the bed depth is much

smaller than the distance to the light source. Therefore, several some-

what arbitrary correlations have been tested to investigate the sensitivity

of the chosen correlation on the final result. Two examples of artificial

images generated from a DPM simulation with a different pixel inten-

sity depth profile have been given in Figure 2.2 to highlight the subtle

difference between the different intensity profiles.

Because the PIV software works most accurately when the particle

resolution is 2-3 px/dp (Westerweel, 2000), all artificial images were cre-

ated with 320 px in width (corresponding to 2.67 px/dp). Although this

resolution is beneficial for a good velocity reconstruction, the quality of

the artificial image itself is somewhat decreased, thus sacrificing some

accuracy in the determination of the solids fraction profile. By com-

paring one of these artificial images to a high-resolution artificial image
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(with 1920 px in width, or 16 px/dp), it was shown that the error in

intensity is less than 5 % on average, which was deemed acceptable.

2.2.5 New Digital Image Analysis algorithm

Based on the generated artificial images discussed in the previous sec-

tion, a correlation between the 2D intensity of the PIV images and the

actual 3D solids volume fraction can be derived (this derivation will be

discussed in more detail in section 2.3). In the new DIA algorithm, this

correlation is used to reconstruct a 3D solids fraction plot, which in turn

is combined with the PIV velocity field to obtain the solids flux profile.

Figure 2.3 shows the difference in solids fraction between the conven-

tional DIA algorithm, the new algorithm and the DPM (which acts as

a reference).

2.3 2D pixel intensity - 3D solids fraction correlation

In this section, the correlation between the intensity of the (artificial)

image, here also referred to as the 2D solids fraction, and the actual 3D

porosity is developed. First, the influence of different intensity distribu-

tion functions as discussed in section 2.2.4 is investigated. Subsequently,

artificial images based on simulations with varying particle size, fluidiza-

tion velocity and ratio between bed depth and particle size are created,

analysed and compared.

2.3.1 Theoretical approach

We will first have a closer look at fitting parameters A and B of Eqn. 2.2.

Parameter B signifies the location of the asymptote at the normalized

2D solids fraction εs,2D of approximately 0.9-1.0 (see Figure 2.4).

Parameter A is in particular of importance in the dilute region of the

curve; it determines the initial slope of the curve, thus A = εs,3D/εs,2D
for low values of εs,2D. For the dilute regime, a theoretical approximation

for A can be established by considering a single isolated particle with
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Figure 2.2: Influence of the intensity depth profile on the high-resolution arti-

ficial image created from the DPM simulation result, a) using the ”sqrt” corre-

lation (Eqn. 2.11) and b) using the ”square” correlation (Eqn. 2.12).
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Figure 2.3: Instantaneous distribution of the a) solids fraction by the conven-

tional DIA algorithm, b) 2D intensity of the new DIA algorithm, c) 3D solids

fraction of the new DIA algorithm and d) solids fraction by the DPM reference.

diameter dp. In this case, A = Ath can be written as the quotient of

particle volume Vp divided by the cell volume Vcell over the projected

particle area Ap times its normalized intensity Ip/Imax divided by the

projected cell area Acell. In this equation, the integration of the particle

intensity Ip (see Eqn. 2.7) is expressed in cylindrical coordinates with

the origin located at the particle center and a linear intensity distribution

function (Eqn. 2.8) is used for I(z) as an example:

Ath ∝
εs,3D
εs,2D

≈ Vp/Vcell
Ap/Acell · Ip/Imax

=
1
6πd

3
p

∆x∆y∆z

∆x∆y
1
4πd

2
p

[∫ 1

0

∫ 2π

0

∫ 1
2
dp

0

8I(z)

πd2p
e

−8

d2p
r2

rdrdθd
( z

∆z

)]−1
=

8dp
9∆z (1− e−2)

≈ 1.028
dp
∆z

(2.13)

This derivation shows us that (in the limiting case of only one single

particle) the initial slope of the 2D-3D correlation merely depends on the
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Table 2.2: Fitted values for A and B in Eqn. 2.2, and the root mean square

error based on artificial images generated from DPM simulations of this fit

based on approximately 55000 non-zero data points.

Intensity distribution function used A B RMS error

to generate the artificial images [-] [-] [%]

”linear” (Eqn. 2.8) 0.018 0.874 4.2

”highlin” (Eqn. 2.9) 0.015 0.876 3.4

”lowlin” (Eqn. 2.10) 0.022 0.883 4.8

”sqrt” (Eqn. 2.11) 0.025 0.885 5.1

”square” (Eqn. 2.12) 0.011 0.868 3.0

particle diameter dp and the system depth ∆z. The comparison between

this theoretical approach and our results will be shown in section 2.3.5.

2.3.2 Influence of the intensity distribution function on the 2D-
3D correlation

In Figure 2.4 the image intensity, represented by the normalized 2D

solids fraction, has been plotted against the true 3D solids fraction pro-

vided by the DPM, where the ”linear” intensity distribution function

was used. The other cases display a very similar trend; all cases display

a linear profile with a small slope for low 2D solids fractions. For solids

fractions above 0.8, the 3D solids fraction shows a steep asymptotic in-

crease until a value of approximately 0.6. A suitable function to match

this behavior was already proposed by van Buijtenen et al. (2011a) in

Eqn. 2.2.

Parameter A determines the slope of the initial linear part, while

B determines the location of the asymptote at higher values of the 2D

solids fraction εs,2D. In this research, the maximum particle fraction

εs,3D,max was kept fixed at 0.6. Every fit was based on 11 independent

random images from the DPM, each containing approximately 5000 non-

zero data points. Parameters A and B were determined by minimization

of the root mean square error (RMS). The fitting results for all series of

artificial images (see Section 2.2.4) have been summarized in Table 2.2.
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Figure 2.4: Scatter plot obtained from 19340 non-zero data points from one

artificial image for a DPM simulation with 100 µm particles at a fluidization

velocity of 10 u/umf and the developed correlation. In red, the conventional ap-

proach is schematically included (the exact position of the cut-off value depends

on the selected cut-off value).
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Table 2.2 shows that the values found for B do not differ much

(maximum difference less than 2 %), from which it can be concluded

that the type of intensity distribution function used to generate the

artificial images from the DPM is not important for high values of εs,2D
(dense part of the bed). Differences arise for the dilute regions. The

values found for parameter A vary between 0.011 and 0.025. Basically,

for a pixel intensity depth profile with a steeper descent as function of

the depth position higher values for A have been found (in case of ”sqrt”

or ”lowlin” for example) and vice versa (”square” and ”highlin”). The

average root mean square error in the determined correlation is between

3.0 and 5.1 %.

2.3.3 Influence of the particle size on the 2D-3D correlation

To investigate the influence of the particle size on the 2D-3D correlation,

a series of simulations were performed using dp = 100, 500 and 1000 µm

respectively, from which a series of artificial images was created, using

the ”linear” intensity distribution function. From these artificial images

the 2D-3D correlation was fitted based on Root Mean Square (RMS)

minimization. Results have been summarized in Table 2.3. The number

of non-zero data points was shown to be sufficient. As can be discerned,

both fitting parameters A and B are almost identical for all series. For

all non-zero data points, the average RMS error is 3.2 - 3.8 %, which is

relatively low. One aspect that stands out is the fact that the value for

B (1.004 on average) is relatively high compared to the values of Table

2.2. This difference is related to the very shallow bed depth and will be

commented on in more detail in the following section (2.3.5). We can

conclude that particle size does not influence the 2D-3D correlation.

2.3.4 Influence of the fluidization velocity on the 2D-3D correla-
tion

Next, the influence of the fluidization velocity in the DPM simulation

used to generate artificial images is considered; increasing the fluidiza-

tion velocity results in more dilute regions and less dense regions, and
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Table 2.3: Fitted values for the 2D-3D correlation obtained by minimization of

the root mean square (RMS) error based on artificial images generated with a

linear pixel intensity depth profile from DPM simulations with different particle

size.

Particle u/umf ∆z/dp Number of non- A B RMS error

diameter [µm] [-] [-] zero points [-] [-] [-] [%]

100 3 6 71670 0.097 0.999 3.5

500 3 6 54620 0.098 1.005 3.8

1000 3 6 63240 0.098 1.007 3.2

Table 2.4: Fitted values for the 2D-3D correlation obtained by minimization of

the root mean square (RMS) error based on artificial images generated with a

linear pixel intensity depth profile from DPM simulations with varying fluidiza-

tion velocity.

Particle u/umf ∆z/dp Number of non- A B RMS error

diameter [µm] [-] [-] zero points [-] [-] [-] [%]

100 3 6 71670 0.097 0.999 3.5

100 6 6 47420 0.100 1.006 3.7

100 10 6 47000 0.100 1.013 3.6

500 3 30 34850 0.021 0.882 3.7

500 5 30 66230 0.018 0.881 4.2

500 7 30 55160 0.019 0.889 3.8

therefore in a shift in data point locations from high 2D solids fractions

low 2D solids fractions. However, no significant influence on the fitting

parameters A and B is expected.

Our expectations were confirmed: Table 2.4 shows that within the

100 µm and 500 µm series, the differences between the values found for

A and B are indeed very small. Note that for the 500 µm series, the

RMS error is slightly higher (approximately 3 %) than for the values

of the 100 µm series. Overall, both series show that the fluidization

velocity has no significant effect on the fitting parameters.

However, a clear difference between the two series can be discerned;

parameter A changes from 0.098 on average for the 100 µm to 0.019
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Table 2.5: Theoretically determined Ath compared to the fitted values for the

dilute part of the fluidized bed Alin (for ε2D<0.3) and to the fitted values A

and B for Eqn. 2.2, including the RMS error of both fits.

dp u/umf ∆z/dp Ath Alin RMS error A B RMS error

[µm] [-] [-] [-] [-] Alin [%] [-] [-] A/B [%]

500 3 6 0.171 0.184 1.4 0.098 1.005 3.8

500 3 12 0.086 0.096 0.8 0.050 0.935 3.3

500 3 20 0.051 0.058 0.4 0.024 0.885 3.6

500 3 30 0.034 0.044 0.3 0.021 0.882 3.7

for the 500 µm particles. Parameter B is 1.006 and 0.884 for these two

series, respectively. Because it was already demonstrated in section 2.3.3

that the particle size is irrelevant, it can be inferred from Table 2.4 that

the relative bed depth ∆z/dp is of importance. Therefore, we will have

a closer look at this in the following section (2.3.5).

2.3.5 Influence of the relative bed depth on the 2D-3D correla-
tion

The relative bed depth ∆z/dp is expected to affect the parameters A

and B, since in a deep bed the frontal image is filled quickly with parti-

cles, while that region might still be relatively dilute. In other words, in

deeper beds it is probably more difficult to accurately correlate 2D in-

tensity to 3D solids hold-up. Therefore, a comparison to investigate the

influence of the bed depth for the 500 µm particles has been performed.

Table 2.5 compares the theoretical parameter Ath of several simu-

lated cases with different bed depth to parameter Alin, which was fitted

using a linear correlation for 2D solids fractions between 0 and 0.3 (thus

only for the dilute part of the fluidized bed). In all cases, the theoreti-

cal en the linear fit correspond reasonably well; the decreasing trend of

parameter A with increasing bed depth is correctly described in both

cases.

The values ofAth are also compared to the fitted values A of Eqn. 2.2,

using the entire range of 2D solids fractions. The trend of this parameter
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is the same as for Ath and Alin, but the magnitude is somewhat lower.

The reason for this difference is that the value for A is affected by the

denominator of Eqn. 2.2. Unfortunately, this means that the theoretical

value cannot be used directly in the fitting of the complete range of 2D

solid fractions.

For these cases, a clear trend is found: for increasing relative bed

depth, fitting parameter A decreases from 0.098 to 0.021 and parameter

B from 1.005 to 0.882. In what way these values affect the actual curve

is portrayed in Figure 2.5. From these graphs, it can be seen that the

initial slope of the curve decreases as the bed depth increases, resulting

in a steeper asymptotic behavior at higher 2D solids fractions. Note that

for the hypothetical case of a bed depth of exactly 1 particle diameter,

the correlation would yield a linear correlation, which is in line with our

analytical derivation.

It was noticed that for shallow beds, the value for B becomes rel-

atively high; this means that the asymptote shifts almost towards the

limiting 2D solids fraction of 1.0. However, the maximum 3D solids

fraction is set at 0.6, which is already reached at a 2D solids fraction of

approximately 0.9.

2.4 Validation & discussion

This section gives an extensive comparison between the conventional

and new Digital Image Analysis methods (”cDIA” and ”nDIA”, respec-

tively). The Discrete Particle Model (DPM) results and the artificial

images derived from it form the backbone of this study (see Figure 2.6).

Because the DPM contains all particle information, the true solids flux

from the DPM is known and acts as the overall reference to the cases

discussed. Link et al. (2004) showed that the solids fluxes in the cen-

ter of the bed (with respect to the depth direction) differ significantly

from the solids fluxes near the front and back walls; because the PIV

software is based on frontal images of the set-up and therefore can only

distinguish particles close to the wall, also for the DPM velocity field

used in this chapter only the solids velocity in the first and fifth 20 % of
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Figure 2.5: Fits obtained from the artificial images for different depth of the

system. The particle size is 500 µm, the fluidization velocity 3 u/umf .
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the were taken into account, thus allowing for a one-to-one comparison

between PIV and DPM.

Not only do we know the true solids flux, but also the true solids

velocity of every particle, and thus also the true solids velocity field of

every interrogation zone. Since this velocity field has not yet been cor-

rected for the solids fraction in that interrogation zone, an algorithm is

required to convert the solids velocity into a solids flux; this can be either

the cDIA (making only use of the image intensity of the artificial images)

or the nDIA (also incorporating the 2D-3D correlation discussed in Sec-

tion 2.3). This method provides the most reliable and direct comparison

between these two algorithms.

However, for experimental images the exact solids velocity is not

known and in these cases the commercial PIV software package is used

to reconstruct this velocity field. Therefore, in this chapter the PIV

software has been applied to two artificial images with a time difference

of 10−3 s (a value typically used in PIV experiments). This reconstructed

velocity field could then be used in the post-processing to assess possible

inaccuracies introduced by the velocity field reconstruction. In this case,

not only the conventional and new DIA algorithms were used to calculate

the solids flux, but also the true solids fraction obtained directly from the

DPM was used. By using the DPM solids fraction, the error introduced

by the PIV software could be exactly determined, clearly separating the

causes for inaccuracies in the different procedures.

2.4.1 Comparison cDIA & nDIA

First, we will have a closer look at the reconstruction of the velocity field

by the PIV software. The result of this reconstruction can directly be

compared to the true velocity field computed by the DPM; this compar-

ison is illustrated in Figure 2.7. From the velocity vector plots (Figures

2.7a and b), differences can already be distinguished; the vectors of the

DPM are much more smooth than the reconstructed ones by the PIV

software. Moreover, in some parts of the image, the PIV software has

some difficulties predicting the correct velocity. At the very top of the
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Figure 2.6: Schematic representation on how the new PIV algorithm will be

tested based on DPM simulations.

image, the solids velocity is strongly overestimated by the PIV software.

Figure 2.7c shows the lateral profiles of the axial velocity vectors for

both DPM and the PIV software. Overall, the profiles show very similar

trends, but also here it becomes clear that the reconstruction by the

PIV software is not a perfect match.

Figure 2.8 gives an overview of the solids flux profiles determined

via all six methods as illustrated in Figure 2.6. Figure 2.8a-f show the

solids flux vector images. The top three plots are based on the true

velocity field of DPM as input for the DIA’s. The bottom three images

use the reconstructed PIV solids velocity as input for the same DIA,

thus an additional error is introduced. All of these plots appear slightly

different, but it is difficult to clearly point out the exact strengths and

weaknesses of the methods from these figures. Therefore, Figure 2.8g

summarizes these results in the lateral profiles of the axial solids flux

for a better comparison. From this graph it can be seen that the nDIA
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Figure 2.7: Instantaneous solids velocity profile a) computed by the DPM model

and b) reconstructed using the commercial PIV software package. In c) the

lateral profiles of the axial solids velocities are compared at 5 different axial

positions (20, 40, 60, 80 and 100 mm).
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(in blue) gives almost the same prediction as the cDIA (in red), both

compared to the DPM-DPM reference (black line).

The velocity field reconstruction by the PIV software, post-processed

with true DPM solids fraction, is displayed as the turquoise line. Again,

the difference with the DPM-DPM reference is visible. The velocity field

reconstruction by the PIV software, corrected with the conventional and

new DIA (in pink and green), should be compared to this turquoise line

instead of to the DPM-DPM reference. Also here both DIA methods

overlap to a large extent. It is not clear why the new algorithm with PIV

input (in green) seems to outperform the new algorithm with true DPM

velocity as input (in blue). A possible explanation is that the errors by

the PIV software and the DIA partially cancel out.

In order to get a more quantitative view on the errors introduced by

these different methods, the absolute error of all solids flux vectors Nvec

of all frames Nfr are compared to the average flux of the DPM-DPM

reference as shown in equation 2.14. In this equation, φ denotes the

solids flux, while subscripts m1 and m2 represent method 1 (either the

reference DPM-DPM or PIV-DPM ) and method 2, respectively. The

error is normalized by the maximum solids flux to avoid overrating of

the error introduced by small vectors, which would lead to a distorted

impression of the error. The methods using reconstructed velocity fields

by the PIV software as input, were also compared to the PIV-DPM

case to exclude other error sources. The average errors, the maximum

deviation among the different intensity distribution function and the

standard deviations of these errors among the 11 investigated frames

are given in Table 2.6.

Err = 100

∑
Nfr

Nfr

∑
Nvec

Nvec

√
(φx,m1 − φx,m2)

2 + (φy,m1 − φy,m2)
2√

φ2x,m1,max + φ2y,m1,max

(2.14)

The most straightforward comparison is that between DPM-cDIA and

DPM-nDIA, both compared to the true DPM-DPM solids flux. Not

surprisingly, the new algorithm has a smaller average error than the
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Figure 2.8: Instantaneous comparison of the solids flux vector images, recon-

structed in different ways; a), b) and c) are reconstructed with the true velocity

vectors from DPM as input and employing a different porosity-correction, while

d), e) and f) use the same porosity-corrections, but with input data provided by

the PIV software package. In g) the lateral profiles of the axial solids velocities

of all six methods are compared to each other.
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Table 2.6: Errors in the solids fluxes of all methods described in Figure 2.6,

averaged over 11 frames containing approximately 55000 non-zero solids flux

vectors. In this table an average of the five intensity distribution functions is

used for clarity.

Comparison between Average Abs. standard Abs. standard

different methods error deviation due deviation among

[%] to intensity different

function [%] images [%]

DPM-DPM DPM-DPM 0.0 ± 0.0 ± 0.0

DPM-DPM DPM-cDIA 18.7 ± 0.1 ± 1.2

DPM-DPM DPM-nDIA 12.3 ± 1.5 ± 1.3

DPM-DPM PIV-DPM 15.0 ± 0.1 ± 5.7

DPM-DPM PIV-cDIA 23.6 ± 1.5 ± 4.0

DPM-DPM PIV-nDIA 25.5 ± 2.1 ± 10.8

PIV-DPM PIV-DPM 0.0 ± 0.0 ± 0.0

PIV-DPM PIV-cDIA 9.5 ± 0.6 ± 0.6

PIV-DPM PIV-nDIA 10.5 ± 1.1 ± 1.8

cDIA (12.3 % versus 18.7 %). With the PIV software instead of DPM

as input for the velocity field (and compared to PIV-DPM ) the results

are very similar: the cDIA has an average error of 9.5 %, while the

error of the nDIA is 10.5 %. Because the deviations of these two errors

overlap, from these data it is not possible to conclude from these data

which DIA algorithm performs better with PIV input.

For experimental PIV it is important to understand the limitations

of the PIV software in combination with the DIA’s. The error of the

PIV software can be extracted by comparing the true solids flux from

DPM (DPM-DPM ) to the PIV velocity reconstruction corrected with

the true DPM solids fraction (PIV-DPM ). Table 2.6 shows that the

reconstruction of the PIV software accounts for an error of 15.0 %. In

that retrospect, we expect the errors to accumulate when applying the

conventional and new DIA’s to this input. This expectation is met,

because the errors for the cDIA and nDIA compared to the DPM-DPM

as reference are 23.6 % and 25.5 %, respectively. Again, the magnitude

of the deviation makes it impossible to conclude from these data which

DIA performs better.
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Figure 2.9: Instantaneous lateral profiles of axial solids flux for different axial

positions in the bed to highlight the influence of the creation of the artificial

images; in a) DPM input is used, with emphDPM-DPM as reference, in b)

PIV input is used with PIV-DPM as reference.

2.4.2 Influence of artificial image creation

All graphs shown so far used the linear intensity distribution function.

Table 2.6 presented averaged values for all five artificial image inputs.

However, as mentioned in section 2.2.4, also other possible intensity

distribution functions have been investigated, whose results will be dis-

cussed in this section. Using a different intensity distribution function

does result in slightly altered fitting coefficients, which potentially have

an influence on the 2D-3D correlation, and thus on the nDIA. The cDIA

does not require a 2D-3D correlation, but nevertheless uses the artifi-

cial images as input for image processing (as does the nDIA). Therefore,

the intensity distribution function can potentially influence both results.

The key question is to what extent this influence takes place.
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Figure 2.9 illustrates the influence of the artificial image on the re-

sulting axial solids flux at four different axial positions in the bed. In

Figure 2.9a all DIA’s are based on DPM input, and thus are compared

to DPM-DPM as reference. It can be concluded that for the cDIA, the

artificial image is of minor importance to the resulting solids flux; al-

though a small difference is visible in some instances, this variation can

be safely disregarded. In case of the nDIA the difference is somewhat

larger; in most instances the lines exactly overlap, but in some specific

cases a difference is clearly visible. When comparing the actual cases

where differences prevail in the solids fraction plots of Figure 2.3, we

found that the different results are only present for dilute regions of the

bed. This result is in line with earlier finding in section 2.3 that only the

part with low 2D-solids fraction (i.e. coefficient A of the fit) is affected

by the choice of the intensity distribution function.

Figure 2.9b shows the results for PIV input instead of DPM input.

Now, not only the DIA’s, but also the PIV software is affected by the

choice of intensity distribution function for the artificial images. Because

of this additional error introduced by the PIV software, the graphs ap-

pear not as smooth as those in Figure 2.9a. Now three different error

sources accumulate in the solids flux results: (1) errors introduced via

PIV during reconstruction of the velocity field by using the artificial im-

ages, (2) errors in the 2D-3D correlation coefficients, derived from the

artificial images, and (3) errors through the use of the artificial images

by the DIA’s itself. It was already concluded from Figure 2.9a that the

latter is not significant, meaning that contributions (1) and (2) dom-

inate the overall error. This magnitude of the deviation in the error

introduced by the choice of intensity function is illustrated in Table 2.6

and does not exceed 2 %.

2.5 Conclusion

In this chapter, a new DIA algorithm has been introduced. Its key im-

provement with respect to widely used conventional DIA algorithms lies

in the fact that it employs a 2D-3D correlation to convert the intensity
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of images (2D solids fraction) into a 3D solids fraction, which is needed

to transform the solids velocity into a solids flux. Because it is not pos-

sible to find this 2D-3D correlation experimentally (since the true solids

fraction is not known), we used artificial images specifically created from

a DPM simulation.

It was shown that the 2D-3D correlation is independent on particle

size and fluidization velocity. To some extent, the intensity distribution

function used to generate the artificial images influences fitting parame-

ter A of this correlation. This influence concerns in particular the dilute

regions of the fluidized bed. Also, the correlation is influenced by the

bed depth; in this case, both fitting parameters (and thus both the dilute

and dense parts of the bed) are affected.

Next, we compared the new DIA algorithm to the conventional algo-

rithm. In both cases the solids velocity provided by the DPM simulation

was used as input. The new DIA algorithm outperformed the conven-

tional algorithm, decreasing the error in the solids fluxes from 18.7 to

12.3 %. Using solids velocity reconstructed by the PIV software (also

used for experimental data), the errors for the conventional and new

DIA algorithms were similar to each other: 23.6 % and 25.5 %, respec-

tively. Unfortunately, the deviation in these errors was too large to draw

a conclusion from these data. It was found that the difference caused

by the choice of intensity distribution function for the creation of the

artificial images is of minor importance, because it only plays a (small)

role in the dilute regions of the bed.
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3
Experimental Study on Gas-Permeation

through Flat Vertical Membranes

Recently, many novel reactor concepts based on membrane fluidized bed

reactors have been proposed. In this work, the effects of gas perme-

ation through flat membrane walls on the hydrodynamics in a pseudo-2D

membrane-assisted gas-solid fluidized bed have been investigated exper-

imentally. A combination of the non-invasive techniques (Particle Image

Velocimetry (PIV) and Digital Image Analysis (DIA)) was employed to

simultaneously investigate solids phase and bubble phase properties in

great detail. Counter-intuitively, addition of secondary gas via the mem-

branes, that constituted the confining walls of a gas-solid suspension at

conditions close to incipient fluidization, did not result in a larger, but

in a smaller average equivalent bubble diameter, while gas extraction on

the other hand, resulted in a larger average equivalent bubble diameter,

although in this case the effect was less pronounced. This could be ex-

plained by changes in the larger scale particle circulation patterns due

to gas extraction and addition via the membranes.
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3.1 Introduction

For a large variety of applications, fluidized bed membrane reactors are

quickly gaining ground. These reactors combine the excellent separation

properties of membranes with the advantages of fluidized beds. More-

over, the utilization of membranes can enable to overcome reaction equi-

librium limitations, thus resulting in higher reactant conversions and

product yields. In contrast to fixed bed membrane reactors, fluidized

bed membrane reactors avoid inefficiencies associated with concentra-

tion polarization or problems due to hot spot formation during opera-

tion, thanks to their well-known excellent heat transfer characteristics.

These clear advantages have led to an increasing number of proposed

applications of fluidized bed membrane reactors.

One area of interest of membrane reactors is product extraction via

membranes. Adris et al. (1991, 1994, 1997), who patented a reactor con-

cept for selectively removing hydrogen from a fluidized bed for methane

steam reforming, were the first in this field. This application area -

in particular for the production of ultra-pure hydrogen utilizing pal-

ladium membranes - is still a much investigated topic. Among many

others, Grace et al. (2005); Patil et al. (2007); Gallucci et al. (2008)

and Chen et al. (2008) continued to explore the subject of hydrogen

production with fluidized bed membrane reactors in the bubbling or

fast fluidization regimes, employing mainly phenomenological models in

combination with experiments. It is worth mentioning here that some

groups (Chen et al., 2008; Rakib et al., 2010a) are investigating poten-

tial concepts for circulating fluidized bed membrane reactors, not only

for steam reforming of methane, but also for steam reforming of higher

hydrocarbons.

Another interesting application of fluidized bed membrane reactors

is selective dosing of a reactant - mostly oxygen - via membranes. The

partial oxidation of methane to syngas has been extensively studied by

Mleczko et al. (1996). They stressed that the interaction between the

membrane and the fluidized bed is of primary importance. A related

area of research is the oxidative dehydrogenation of hydrocarbons. Al-
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Sherehy et al. (2005) studied the conversion of ethane into ethylene,

and Deshmukh et al. (2005a,b) the conversion of methanol to formalde-

hyde. On basis of a combined experimental and modeling study they

concluded that the oxygen distribution is beneficial in expanding the

range of reactant feed compositions beyond those normally allowed by

safety constraints, while the selectivity of undesired by-products was re-

duced. Distributed oxygen dosing was investigated for the production of

hydrogen (Abashar et al., 2008) and for the oxidative dehydrogenation

of ethane (Ahchieva et al., 2005). They found that especially in the

case of moderate oxygen excess, a fluidized bed membrane reactor out-

performs the fluidized bed reactor without membranes. Beside a higher

productivity a broader favorable operation range with respect to the

oxygen-hydrocarbon ratio was reported. Other application areas of flu-

idized bed membrane reactors include the Fischer-Tropsch synthesis in

GTL technology and methanol synthesis from syngas (Rahimpour and

Elekaei, 2009; Rahimpour et al., 2010), the reaction of butane to maleic

anhydride (Marin et al., 2010) and the dehydrogenation of propane (Gi-

meno et al., 2009).These examples clearly illustrate the growing interest

in fluidized bed membrane reactors.

Despite the current developments, however, detailed understanding

of the effect of the presence and permeation of gas through membranes

immersed in a fluidized bed is lacking. In many research studies the

focus is on experimentally acquired data to provide a proof-of-concept

in combination with phenomenological modeling where the influence of

internals is not accounted for. Hence, the predictive capabilities of phe-

nomenological models is limited. To improve the predictive capabilities

of these models detailed knowledge on the effect of the presence of -

and permeation through - membranes is essential. Deshmukh et al.

(2003, 2005a, 2007) investigated the effect of the presence of - and per-

meation through - the membranes on the extent of gas back mixing

and the bubble-to-emulsion phase mass transfer rate. With ultrasound

gas tracer experiments, they showed that due to the presence of mem-

branes, but particularly due to gas permeation through the membranes,

the macro-scale solids circulation was strongly reduced, resulting in near

plug-flow behavior for the gas phase, while the bed-to-wall heat trans-
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fer coefficients (although somewhat reduced in magnitude due to com-

partmentalization of the bed) were still sufficiently high to assure near

isothermal conditions even for quite exothermic reactions. They also

found smaller average bubble diameters for higher permeation ratios

relative to the total gas flow. The latter finding was confirmed numeri-

cally as well as experimentally by de Jong et al. (2012c,d). Christensen

et al. (2008a,c,b) studied in more detail the effects of distributed feed

and confirmed that such systems indeed lead to a decrease in average

bubble size and bubble hold-up, and therefore to an increase in the total

number of bubbles.

This chapter aims to advance the fundamental understanding by in-

vestigating experimentally the effect of a change in gas flow rate inside a

fluidized bed membrane reactor, where gas is added or extracted through

the side-walls of the fluidized bed. Different experimental techniques

have been proposed to study the hydrodynamics of fluidized beds; they

can be categorized into intrusive methods - such as optical fiber probes

- and non-intrusive methods. For cylindrical fluidized beds, amongst

other techniques, electrical capacity tomography (Huang et al., 2003;

Marashdeh et al., 2008), positron emission particle tracking (Stellema

et al., 2001), magnetic resonance tomography (Mohs et al., 2009) and ra-

dioactive particle tracking (Mahmoudi et al., 2011) have been employed.

A more extensive review on advanced experimental techniques to study

gas-solid suspensions has been reported by Chaouki et al. (1997). How-

ever, apart from relatively high costs and radiation hazards, the major

drawback of these methods is the poor spatial and temporal resolu-

tion. Therefore, the optical and non-invasive Particle Image Velocime-

try (PIV) has been applied to fluidized gas-solid suspensions, however,

in pseudo-2D setups because of the required optical accessibility.

This research combines PIV with Digital Image Analysis (DIA). This

unique combination enables investigation of not only the solids phase be-

havior, but also the bubble properties simultaneously and in great detail.

Through the combined application of these techniques, it is possible to

determine the time-averaged solids phase velocity profiles from the ob-

tained instantaneous particle mass flux profiles and correct for particle
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raining through the bubbles and avoid under-estimation of the particle

fluxes in the centre of the bed (Laverman et al., 2008).

This research focuses specifically on bubble formation/annihilation

close to the membranes, bubble size distribution and particle mixing as a

function of the gas permeation ratio, i.e. the ratio of gas added/extracted

relative to the total feed. After a description of the experimental setup

and the procedures used for data post-processing, the PIV/DIA results

for cases of gas extraction and gas addition will be discussed and com-

pared.

3.2 Experimental set-up

A pseudo-2D setup has been constructed to investigate the effects of

gas permeation on the fluidized bed hydrodynamics in detail. The bed

width, depth and height are 30 cm, 1.5 cm and 1 m, respectively. For

the front wall of the bed a glass plate is used. The rear wall of the

bed is constructed from anodized aluminum to provide good contrast

between solids phase and background. The distributor is a porous plate

with a mean pore size of 40 µm. At both sides of the fluidized bed,

along a height of 30 cm from the distributor, gas can be added to or

extracted from the fluidized bed through a 10 µm porous plate. For all

experiments, glass beads with a particle size distribution of 400-600 µm

and a density of 2500 kg/m3 (Geldart B) have been used. Air has been

used as a fluidization agent.

The background fluidization gas can be controlled with a 1000 L/min

mass flow controller from Brooks Instruments. A 50 ml/min membrane

water pump, connected to an evaporator (operated at 200 ◦C), was used

to feed steam to the background fluidization gas. The two membranes at

the sides of the bed were manually connected to either 500 L/min Brooks

mass flow controllers for gas addition, or 44 L/min Brooks low-pressure

mass flow controllers for gas extraction. The mass flow controllers were

connected to a 10 L buffer vessel, which in turn was connected to the

pressurized gas system, and (in case of gas extraction) to a vacuum

pump. The process flow diagram of the setup is shown in Figure 3.1.
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Figure 3.1: Process flow diagram of the experimental setup.

The minimum fluidization velocity umf was determined by slowly

decreasing the fluidization velocity. Based on the pressure drop, umf
was determined to be 0.25 m/s. All experiments reported here have

been performed with a total gas feed corresponding to 2.6 u/umf .

Two sets of experiments have been carried out. In the first set of ex-

periments, the background fluidization velocity was kept constant, while

the amount of secondary gas added or extracted via the membranes was

varied. In the second set of experiments, the amount of secondary gas

added/extracted via the membranes was varied, while simultaneously

the background fluidization velocity was adjusted so that the outlet flow

rate remained constant (see Table 3.1). Measurement 1 is the reference

case, without in- or outflow via the membranes. Although the fluxes of

gas through permselective membranes are much smaller than the cases

used in this study, these values were chosen to emphasize the effect of

permeation and to anticipate future improvements in membrane per-

formance. On the other hand, the selected permeation cases are much

more realistic for the non-selective porous membranes.
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Table 3.1: Measurement series.

Measurement Background gas Total membrane Number of

number/name flow/velocity flow/velocity images

[%] [m/s] [%] [m/s] DIA [-] PIV [-]

1 Reference 100 0.65 0 0 2700 2160

2 80% + 20% 80 0.52 + 20 + 0.065 2700 2160

3 60% + 40% 60 0.39 + 40 + 0.130 2700 2160

4 100% + 20% 100 0.65 + 20 + 0.065 2700 2160

5 100% + 40% 100 0.65 + 40 + 0.130 2700 2160

6 120% - 20% 120 0.78 - 20 - 0.065 1350 2160

7 140% - 40% 140 0.91 - 40 - 0.130 1350 2160

8 100% - 20% 100 0.65 - 20 - 0.065 1350 2160

9 100% - 40% 100 0.65 - 40 - 0.130 1350 2160

3.2.1 PIV/DIA procedure

PIV is a non-intrusive optical technique based on the comparison of

two images recorded with a very small time delay with a high speed

CCD camera. For the analysis every image is divided into interrogation

zones, where cross-correlation on two consecutive images is employed to

obtain an average displacement of the particles in the selected interroga-

tion zone. For the results discussed in this chapter, the time difference

between two consecutive images varied between 0.82 and 1.98 ms, de-

pending on the camera settings of the measurement series. These PIV

image pairs were post-processed using the commercial software package

DaVis. A multi-pass algorithm using interrogation zones of 64x64 and

32x32 pixels respectively was employed to reconstruct the corresponding

vector image. DIA is an image post-processing algorithm, that discrim-

inates bubble and solids phase based on the pixel intensity. Prior to

the actual bubble detection, the algorithm corrects for the camera lens

effect, inhomogeneous lighting and shadow effects near the walls. The

DIA script does not only output the instantaneous bubble properties

per image, but also calculates the bubble velocities. For every measure-

ment series at least 10 random images were inspected visually, to ensure

that the script is functioning correctly. Containing all bubble informa-

tion, the DIA script also corrects the vector image produced by DaVis
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for particle raining through bubbles, as described by Laverman et al.

(2008).

3.2.2 Time-averaging

For reliable and reproducible results, it is essential to investigate the

sensitivity of the data acquired. Therefore, it was investigated if suffi-

cient data points have been used for time-averaging. Subsequently, an

estimation of the error in the presented results is given based on this

analysis. First, for the reference series (containing 4320 images, thus

2160 image pairs), PIV images were time-averaged over time intervals

of 100, 200, 350, 500, 700, 900 and 1080 time steps of 0.25s respectively.

Each time, these independent series were compared to each other and

the relative velocity deviation between these two series was calculated

using

∆v =
100

N

∑
N

|va − vb|
va

+
100

N

∑
N

|va − vb|
vb

(3.1)

Because of its characteristics, a power trend line was used to estimate

the error for a larger number of image pairs, resulting in an estimated

error of 5.1 % for the 2160 pairs of the vector plots presented in this

chapter (see Figure 3.2).

Secondly, DIA data files were compared for the reference series in

terms of equivalent bubble diameter. However, contrary to the PIV data

files (which always have the same amount of data), the deviation in the

bubble diameter strongly depends on how many bubbles were detected

at that specific height in the fluidized bed. Therefore, in Figure 3.2b, the

average relative deviation between two independent series is plotted on

a log-log scale as a function of the number of bubbles that were present

in the fluidized bed in those series. Again, a power trend line is used

to provide an estimate of the experimental error as a function of the

number of bubbles. It has been found that when over 100 bubbles were

encountered, the statistical error reduces to below 5 %.
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Figure 3.2: (a) Average relative deviation (in %) between two independent

time-averaged vector images over a certain number of data files as a function

of that number, and (b) average relative deviation (in %) between two indepen-

dent time-averaged bubble-size data files as a function of the number of bubbles

encountered in that series on a double logarithmic scale.

As can be seen in Figures 3.3a and 3.3b, the accuracy of the equiva-

lent bubble diameter varies over the height of the fluidized bed, because

in the bottom section of the bed more bubbles are present compared to

the top section. Table 3.2 shows the average number of bubbles detected

at the very bottom and top of the fluidized bed for data series based on

time intervals of 50, 250, 675 and 1350 images respectively. With only

3 bubbles at a height of 45 cm, it is not surprising that a series of 50

images results in an error of 30 %. At the bottom of the bed, the error

does not exceed 4 % for more than 50 images used for time-averaging. It

can be concluded that the error for measurement series 6-9 ranges from

1 % in the bottom of the fluidized bed to 4 % at the top. Extrapolation

of the trend, illustrated in Figure 3.2b, the estimated deviation for a

series of 2700 images (measurement series 1-5) ranges from ¡ 1 % in the

bottom to 3 % in the top of the fluidized bed. For series 6-9, which

consist of 1350 images, the deviation ranges from 1 % in the bottom to

4 % in the top.
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Figure 3.3: Equivalent bubble diameter as function of axial position in the

fluidized bed for (a) two series based on 1350 independent images each, and (b)

six series based on 50 independent images each.

Table 3.2: Number of detected bubbles and average deviation between two in-

dependent series at heights of 25 and 450 mm for series based on 50, 250, 675

and 1350 images.

Number of Nr. of detected Nr. of detected Deviation at Deviation at

images [-] bubbles at 25 bubbles at 450 25 mm 450 mm

mm height [-] mm height [-] height [%] height [%]

50 210 3 4 30

250 1170 27 2 10

675 3100 80 1 6

1350 5670 175 1 4
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3.3 Results & discussion

For the discussion of the effect of gas permeation on bed hydrodynamics

we first focus on the solids circulation patterns, followed by the bubble

properties.

3.3.1 Solids phase circulation patterns

The time-averaged solids circulation pattern and the time-averaged lat-

eral profile of the axial solids phase velocity at different heights in the

bed is shown in Figure 3.4 for all series where the background fluidiza-

tion velocity has been kept constant; i.e. 100%-40%, 100%-20%, the

reference, 100%+20% and 100%+40%. In the reference series with no

secondary gas extraction or addition, the characteristic pattern for flu-

idized beds with an upwards directed solids flow through the core and a

downward solids flow along the walls of the fluidized bed can be clearly

discerned. This well-known solids circulation pattern is also clearly vis-

ible in the lateral profiles of the axial solids phase velocity at different

heights: a broad region in which particles move upwards in the center

of the fluidized bed, and near the walls a small region where the parti-

cles move downwards. It is interesting to notice the local minimum in

the axial solids phase velocity in the centre at 10 cm above the bottom

distributor plate, corresponding to the well-known average bubble tra-

jectories from the walls towards the centre in the lower sections of the

fluidized bed (see also Laverman et al. (2008)).

When comparing the cases with gas extraction to the reference case,

a striking difference is the stagnant regions near the membranes in case

of gas extraction. It is already appearing in the 100%-20% case, but be-

comes even more pronounced when 40 % of the background fluidization

gas is extracted. These stagnant zones have two consequences: the first

consequence is that the bed height is reduced, implying a smaller number

of bubbles or smaller bubbles present inside the fluidized bed. Secondly,

the velocity plot shows that the peak of upward moving solids has be-

come steeper, while the downward directed ’peak’ for the downward

moving solids has become less pronounced and has shifted somewhat
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Figure 3.4: Time-averaged particle movement and time-averaged lateral profile

of the axial solids phase velocity for different heights in the fluidized bed with

(a) 40 % gas extraction, (b) 20 % gas extraction, (c) the reference series with

no gas addition/extraction, (d) 20 % gas addition and (e) 40 % gas addition.

In all experiments the background fluidization velocity was kept constant (U0 =

100%).
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towards the center of the bed. The reason for these phenomena is that

the stagnant zones near the membranes leave less space for bubbles to

rise and for particles to re-circulate to the bottom of the bed, resulting

in narrower vortices in the solids circulation.

In contrast to gas extraction, gas addition via the membranes has

an even more distinctive effect on the particle circulation pattern: gas

addition inverts the circulation pattern. The inversion of the particle

circulation is interesting; this phenomenon shows that there is a com-

petition between the background gas velocity and the additional gas

entering via the membranes to drag the particles along. Already in

the 100%+20% series this phenomenon starts to become apparent, but

is even more pronounced for the 100%+40% series. Usually particles

would move downwards near the walls. However, due to the gas addi-

tion, particles near the wall (in the first 30 cm) are dragged upwards

instead, causing the particles to move downwards in the center of the

bed. This phenomenon is also illustrated by the lowest three lateral

profiles of the axial solids phase velocity profiles; the upwards directed

peak is now near the wall, while the velocity in the center of the bed is

slightly negative. Above the membrane (above 30 cm), the particles are

pushed towards the center, and continue their way as usual: upwards

via the center and downwards via the sides. This division in a part with

membrane and a part without membrane results in four vortices inside

the fluidized bed, each one rotating differently than its neighbor.

In the previous cases the background fluidization velocity was kept

constant, while the amount of gas added or extracted via the membranes

was varied. An additional set of experiments was carried out where the

outlet velocity was kept constant by adjusting the background velocity to

the amount permeated through the membranes: 140%-40%, 120%-20%,

80%+20% and 60%+40%. In Figure 3.5, the particle velocity profiles

of these series are compared to the reference case.

Firstly, it can be observed that in these cases the bed height remains

approximately the same. Additionally, it can be seen that also in these

cases there is a constant ’competition’ between the gas forcing particles

upwards and the effect of gas permeation through the membranes. For



3

62 Experimental Study on Gas-Permeation through Flat Vertical Membranes

Figure 3.5: Time-averaged particle movement and time-averaged lateral profile

of the axial solids phase velocity for different heights in the fluidized bed with (a)

40 % gas extraction, (b) 20 % gas extraction, (c) the reference series with no

gas addition/extraction, (d) 20 % gas addition and (e) 40 % gas addition. In all

experiments the outflow velocity was kept constant by adjusting the background

fluidization to the amount of gas inflow or outflow via the membranes.
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Figure 3.6: Illustration of the particle circulation patterns for (a) gas extrac-

tion, (b) the reference and (c) gas addition.

the 140%-40% and 120%-20% series, the effect of gas extraction via the

membranes (i.e. stagnant zones) is the same, but, the stagnant zones are

smaller than for the 100%-40% and 100%-20% cases shown in Figure

3.4, because of the increased background fluidization flow rate.

In contrast to the cases of gas extraction with increased background

fluidization gas velocity, where the effect of stagnant zones is decreased

by the additional background fluidization flow rate, for the cases of gas

addition via the membranes, the decreased background fluidization ve-

locity increases the effect of the gas addition. For the 100%+20% and

100%+40% series, there was a competition between the background flu-

idization gas and the additionally added gas, trying to drag particles

along with the gas stream. The decrease of the background fluidization

flow in the 80%+20% and 60%+40% series changes the competition in

favor of the gas addition via the membranes. The 80%+20% series al-

ready shows clearly the inversion of the particle circulation, and in the

60%+40% series this phenomenon is even more pronounced, which can

be seen particularly well in the two strong vortices at the top of the

fluidized bed.

The findings described above can be schematically summarized as de-

picted in Figure 3.6. In all cases, the magnitude of the effects depends on

the background fluidization velocity and amount of gas extraction or gas
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addition. It can be expected that the change in particle behavior has a

pronounced effect on the bubble properties and bubble size distribution,

which is discussed next.

3.3.2 Bubble properties

An empirical relation used frequently in literature to describe the bubble

diameter Db as a function of the bed height h was given by Darton et al.

(1977), and modified to fit pseudo-2D beds by Shen et al. (2004):

Db = 0.89

[
(u0 − umf )

(
h+

3A0

t

)] 2
3

g−
1
3 (3.2)

In this equation A0 represents the catchment area and t the depth of the

bed. Figure 3.7a shows a graph of the equivalent bubble diameter of the

reference series as a function of the bed height; the reference without gas

extraction or addition compares well to the relation proposed by Shen

et al. (2004). The over-prediction of the bubble diameter in the lower

part of the fluidized bed by the proposed correlation can be attributed to

the fact that Shen et al. (2004) used a larger setup (0.68x0.07m2 in width

and depth) than in this experiment, so that the smallest bubbles were

not accounted for in the correlation. The deviation from the predicted

trend in the upper part of the fluidized bed is believed to have two

causes: firstly, because the bubble diameter has grown to almost 2/3rd

of the bed width, the deviation can be caused by wall effects. Secondly,

it can be the result of the relatively small number of bubbles detected

in that region, resulting in a relatively large error in that area.

Subsequently, we will first compare the cases where the background

fluidization velocity was kept constant and the amount of gas added or

extracted was varied. The equivalent bubble diameter as a function of

the height for these series is shown in Figure 3.8a. In the lower part

of the fluidized bed, the bubbles remain approximately the same size,

irrespective of the amount of gas extraction or addition. Only from a

height of approximately 20 cm, a difference becomes apparent. However,
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Figure 3.7: Comparison of the equivalent bubble diameter as a function of the

bed height for the reference case with literature correlation.

unlike what would be expected intuitively, extracting gas leads to larger

bubbles, while adding gas results in smaller bubbles.

In particular the experimental series in which gas is added via the

membranes deviate substantially from the reference case above a height

of 30 cm. Note that the largest bubbles for the cases of gas extraction

appear at 40 cm height, the ones for the reference case at about 46 cm,

and the bubbles for the cases with gas addition appear even at 52 cm

height, reflecting the difference in fluidized bed height.

The bubble rise velocity (Figure 3.8b) as a function of the equivalent

bubble diameter appears to be quite similar for all cases. The graphs of

the lateral profile of the equivalent bubble diameter and the axial profile

of the bubble hold-up (Figures 3.8c and 3.8d) provide more insight into

the bubble behavior.

There is a significant difference in the average lateral position of the

bubbles. The reference case shows an almost parabolic distribution, as

expected, because bubbles are formed over the entire width of the flu-

idized bed and move towards the center due to bubble coalescence. The

100%-20% and 100%-40% series show a similar distribution, although

bubbles reside more in the center (which is in line with the conclusions

drawn from Figure 3.4). The 100%+20% and 100%+40% series reveal
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Figure 3.8: Effect of gas extraction and addition on (a) equivalent bubble di-

ameter as a function of the bed height, (b) vertical bubble velocity as a function

of the bubble diameter, (c) average bubble diameter as a function of the lateral

position and (d) bubble hold-up as function of the bed height. Data are shown

for the series with constant background fluidization velocity.
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Table 3.3: Effect of gas extraction and addition on the total gas hold-up. Also

the standard deviation for the temporal fluctuation is provided.

U0 constant: 100-40% 100-20% Reference 100+20% 100+40%

gas hold-up [%] 44.9 ± 0.9 45.9 ± 1.2 46.1 ± 1.8 46.7 ± 1.8 47.4 ± 1.8

U0 varying: 140-40% 120-20% Reference 80+20% 60+40%

gas hold-up [%] 46.5 ± 1.9 46.8 ± 1.8 46.1 ± 1.8 45.8 ± 1.2 45.1 ± 0.6

a very different bubble distribution: in these cases the large bubbles are

situated much closer to the walls. In the center, a significant decrease in

bubble diameter is visible, indicating that the movement of the bubbles

is reversed, i.e. while bubbles are rising and growing, they are moving

away from the center and towards the membranes. This is in line with

the particle movement seen in Figure 3.4.

Not only the location, but also the bubble volume is different or

these cases. The series with gas extraction show a slightly larger bubble

volume, although this difference is very small. However, the series with

gas addition reveal that - in particular in the top section of the bed -

the bubble volume is much smaller compared to the reference case. Now

the question remains why for the 100%+20% and 100%+40% series,

both the average bubble diameter as well as the average bubble volume

are lower than the reference case. This phenomenon is caused by a

combination of particle movement and bubble detection (see Figure 3.9):

large gas voids near the walls are likely to be part of the freeboard of

the fluidized bed, and are therefore no longer defined as bubbles. This

is caused by particles near the freeboard that are - in contrast to the

reference case - moving away from the wall toward the center of the

fluidized bed, and as a consequence, there are much fewer large bubbles

surrounded by solids phase.

Subsequently, the effect of gas extraction or addition on the global

gas hold-up in the fluidized bed has been investigated. The results for

all series have been summarized in Table 3.3. The series with constant

background fluidization velocity show a slight increase in the global gas

hold-up going from gas extraction to gas addition. For the series with
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Figure 3.9: Snapshots of (a) an original PIV image, (b) the freeboard detection

and (c) the subsequent bubble detection by DIA.
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adjusted background fluidization velocity, this is exactly opposite, in-

dicating that the total amount of fluidization gas is most important.

However, the difference in gas hold-up is relatively small, in particular

when compared to the standard deviation.

Just as before for the particle movement, adjusting the background

fluidization velocity to keep the outlet velocity constant makes the ob-

served phenomena related to bubble behavior more pronounced. Figure

3.10a shows an increase in equivalent bubble diameter for the series

with gas extraction, and Figure 3.10d an increase in bubble volume as a

function of the bed height. The explanation for these findings can be dis-

cerned from Figure 3.10c, which shows a substantial increase in average

equivalent bubble diameter in the center of the bed for the 120%-20%

and 140%-40% series. As shown schematically in Figure 3.6, the bub-

bles (and particles) are forced through the center, resulting in vertically

stretched - and therefore larger - bubbles. In Figure 3.11 three snap-

shots are given that illustrate this. The presence of vertically elongated

bubbles at this fluidization velocity indicates that a significant amount

of the gas flow is bypassing the emulsion phase by means of through-flow

(Grace and Harrison, 1969; Grace and Clift, 1974). In reactive systems,

this increased through-flow decreases the gas-emulsion contact with a

negative impact on the reactor performance.

The effect of gas extraction and gas addition on the bubble behavior

is schematically depicted in Figure 3.12.

3.4 Conclusion

A pseudo-2D experimental fluidized bed setup with membranes (porous

plates) incorporated in the side walls has been constructed to investi-

gate the effect of gas extraction or gas addition on the solids and bubble

phase behavior in detail. A combination of Particle Image Velocimetry

(PIV) and Digital Image Analysis (DIA) was employed, which allowed

accounting for particle raining in bubbles and deducing correct solids

phase vector plots from the images. With DIA, also all relevant infor-

mation on the bubble properties is obtained simultaneously.
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Figure 3.10: (a) Equivalent bubble diameter as a function of the height in the

bed, (b) vertical bubble velocity as a function of the bubble diameter, (c) equiva-

lent bubble diameter as a function of the lateral position and (d) bubble hold-up

as function of the bed height. Data are shown for the series with constant outlet

velocity by adjusting the background velocity to the amount of gas extracted or

added via the membranes.
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Figure 3.11: Typical pictures of the fluidized bed of the 140%-40% series.

Figure 3.12: Illustration of the bubble size distribution and movement for (a)

gas extraction, (b) the reference and (c) gas addition.
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The experimental results revealed that gas addition via the mem-

branes counter-intuitively leads to significantly smaller bubbles, whereas

gas extraction slightly increases the bubble size. During gas addition,

the bubble size in the top of the bed decreased to 60 % of the origi-

nal bubble size. During gas extraction, a small increase in bubble size

was found (an increase in bubble size of 10 % and 20 % was observed

relative to the reference case for 20 % and 40 % gas extraction respec-

tively, where the background velocity was kept constant). The explana-

tion was found in the lateral bubble distribution and particle circulation

patterns. During gas addition, the bubbles are split up and distributed

towards both membranes. The particle circulation therefore inverts, and

particles move upwards with the bubbles via the sides, and downward

through the center of the bed. During gas extraction, on the other hand,

stagnant zones near the membranes emerge. These zones force upwards

moving bubbles and particles, as well as downwards moving particles to-

wards the center of the fluidized bed, which results in bubbles that are

vertically stretched and therefore slightly larger than in the reference

case.

The experimental findings have shown a large effect of gas extrac-

tion or addition on the fluidized bed hydrodynamics, which should be

properly taken into account in the optimization and design of membrane-

assisted fluidized bed reactors.
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4
Comparison of DPM and TFM to

Experiments with Flat Vertical Membranes

This chapter focuses on a pseudo-2D fluidized bed containing flat vertical

membranes. By employing Digital Image Analysis (DIA) in combina-

tion with Particle Image Velocimetry (PIV), both solids motion as well

as bubble properties were investigated in detail. In addition the experi-

mental results were compared to computational results obtained from a

Discrete Particle Model (DPM) and a Two-Fluid Model (TFM).

Comparison between results obtained from a 4 cm wide bed and a

(previously used) 30 cm bed revealed that the effect of gas addition is

qualitatively the same (solids motion inverts and average bubble size

decreases). During gas extraction, bubbles (and solids) are forced to-

wards the center, enhancing bubble coalescence compared to the refer-

ence condition. Both the DPM and the TFM qualitatively capture these

phenomena well. However, these models are not able to predict the ex-

perimentally observed solids motion and gas bubbles behavior quanti-

tatively. DPM and TFM simulations for a wider bed reveal that grid

dependency and maximum solids fraction play an important role with

respect to solids motion. Furthermore, the porosity distribution shows

significant differences between the DPM and TFM models.
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4.1 Introduction

Fluidized bed reactors are frequently modeled using often either a Eulerian-

Eulerian Two-Fluid Model (TFM) or a Eulerian-Lagrangian Discrete

Particle Model (DPM) in order to obtain additional insight into the

hydrodynamics of fluidized beds.

Among the first to incorporate the Kinetic Theory of Granular Flow

(KTGF) into the frequently used TFM, in which the gas phase and the

solids phase are both continuous and fully interpenetrating, were Ding

and Gidaspow (1990) and Kuipers et al. (1992). The two phases are de-

scribed using separate sets of conservation equations and an additional

set for the granular temperature of the solids phase. In these models

empirical relations for the interfacial friction between the phases ac-

count for the gas-solids interaction. However, the correct incorporation

of frictional stresses in the TFM remains a challenge; current research

therefore focuses on including a closure term for the quasi-static stress

associated with the long term particle contact at high solids fractions

into the TFM (Benyahia, 2008; Vun et al., 2010). In several studies the

TFM is compared to a Discrete Particle Model (DPM), which is then

regarded as ’ground truth’.

In DPM, assumptions concerning the solids rheology are not nec-

essary, since each particle is tracked individually and all collisions are

calculated, thus providing a more reliable and detailed representation

of the fluidized bed. The model was introduced by Tsuji et al. (1992);

Hogue and Newland (1994); Hoomans et al. (1996) and employs either

a hard-sphere approach for dilute systems or a soft-sphere approach for

dense fluidized beds. Current research focuses on the integration of heat

and mass transfer (Kolkman, 2012; Zhou et al., 2010), non-spherical

particles (Hilton et al., 2011; Hohner et al., 2010) and particle wetting

(Fries et al., 2011; van Buijtenen et al., 2011b). In this chapter we will

compare both our DPM as well as our TFM to the same experimental

data.

This experimental chapter combines Particle Image Velocimetry (PIV)

with an improved Digital Image Analysis (DIA) algorithm by de Jong
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et al. (2012b). Our method uses a 2D-3D correlation function derived

from artificial images generated from Discrete Particle Model (DPM)

simulations to facilitate the measurement of the local solids flux. This

unique combination enables investigation of not only the solids mo-

tion, but also the bubble properties simultaneously and in great detail.

Through the combined application of these techniques, it is possible to

determine the time-averaged solids phase velocity profiles from the ob-

tained instantaneous particle velocity profiles and correct for particle

raining through the bubbles to avoid under-estimation of the particle

fluxes in the centre of the bed (Laverman et al., 2008).

Although both DPM as well as TFM are frequently employed for

the numerical description of fluidized bed reactors, unfortunately, the

two models are rarely both compared directly to the same experimental

results. Chiesa et al. (2005) concluded from a direct comparison of sin-

gle bubble injections that the kinematics of the bubbles produced in the

fluidized bed predicted by the DPM corresponded slightly better to the

experiment than the prediction obtained from the TFM approach. Also,

the time of formation of the second bubble, as well as its position, was

better described by the DPM simulation. On the other hand, the shape

of the first bubble was better described by the TFM, even though this

was not valid for the second bubble. Vegendla et al. (2011) reported that

the DPM simulations for gas-solid riser flow showed perfect correspon-

dence to experiments, while the TFM predicted significantly different

results because this technique suffers from false numerical diffusion.

This research comprises experiments, DPM simulations as well as

TFM simulations for a detailed comparison of these three methods of-

ten used in literature. Herewith the earlier study of de Jong et al. (2011)

on fluidized bed membrane reactors is extended towards smaller fluidized

beds, enhancing the fundamental understanding of a change in gas flow

rate inside a fluidized bed membrane reactor with respect to bubble

formation/annihilation close to the membranes, bubble size distribution

and particle mixing as a function of the gas permeation ratio, i.e. the

ratio of gas added/extracted relative to the total feed. It also allows

for a detailed comparison between the experimental data and simula-
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tion results obtained from two often employed computational models.

Following a description of the experimental setup, the combined PIV-

DIA method will be presented. Subsequently, the computational models

(DPM and TFM) will be briefly discussed, followed by a comparison be-

tween the experimental and computational results.

4.2 Experimental techniques

Particle Image Velocimetry (PIV) is used in combination with a novel

Digital Image Analysis (DIA) method developed and validated by de Jong

et al. (2012b). This section will introduce both techniques and provides

the details on the experimental runs.

4.2.1 Set-up

A pseudo-2D setup was used to investigate the effect of gas permeation

on the fluidized bed hydrodynamics. The bed width, depth and height

amounted 4 cm, 1 cm and 50 cm respectively. For the front wall of the

bed a glass plate was used. The rear wall of the bed was constructed

from anodized aluminum to provide good contrast between the bed and

background. Via 4 cm high porous plates (with a mean pore size of 5

µm) mounted in the side walls, gas could be added or extracted from

the fluidized bed. A porous distributor plate with a mean pore size of

5 µm was used. For all experiments, glass beads with a particle size in

the range of 400-600 µm and a density of 2500 kg/m3 (Geldart B) were

used. Air was used as fluidization agent.

The background fluidization gas was controlled with a 50 L/min

mass flow controller from Bronkhorst Instruments. A 5 ml/min mem-

brane water pump, connected to an evaporator (operated at 200 ◦C),

was used to feed steam to the background fluidization gas to avoid build-

up of static electricity. The two membranes mounted at the sides of the

bed were manually connected to either two 10 L/min Bronkhorst digi-

tal mass flow controllers for gas addition, or two 10 L/min Bronkhorst

low-pressure mass flow controllers for gas extraction. The mass flow
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controllers were connected to the pressurized gas system for gas addi-

tion and to a vacuum pump for gas extraction via three-way valves. To

avoid electrostatic charging, two additional water vessels have been in-

stalled, through which air was passed to obtain a humidified air flow

before feeding it via the membranes at the left and right side to the

fluidized bed.

The minimum fluidization velocity umf was determined by slowly

decreasing the fluidization velocity. Based on the pressure drop data,

umf was determined to be 0.25 m/s. All experiments reported here have

been performed with a total gas feed corresponding to 2.6 u/umf .

4.2.2 Particle Image Velocimetry

PIV is a non-intrusive optical technique based on the comparison of two

images recorded with a very small time delay with a high speed camera.

For the analysis every image is divided into interrogation zones, where

cross-correlation on two consecutive images is employed to obtain an

average displacement of the particles in the selected interrogation zone.

For the results discussed in this chapter, the time difference between

two consecutive images was set to 946 µs. These PIV image pairs are

post-processed using the commercial software package DaVis 8.0.3. A

multi-pass algorithm using interrogation zones of 64x64 and 32x32 pix-

els respectively was employed to reconstruct the corresponding vector

image. Unfortunately, DaVis does not discriminate between dense and

dilute regions. For that reason the resulting vector image does not pro-

vide the actual solids flux, but only the solids velocities. Therefore, a

correction method, taking into account the particle fraction in every in-

terrogation zone, is needed to convert these velocity vectors into solids

fluxes.

4.2.3 Novel Digital Image Analysis algorithm

Conventional Digital Image Analysis (DIA) algorithms discriminate bub-

ble and solids phase based on the pixel intensity, employing prescribed

threshold values or an edge detection algorithm. These algorithms cor-
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Figure 4.1: Comparison between the conventional and new DIA algorithm; (a)

3D porosity as used by the conventional DIA, (b) 2D porosity used as input by

the new DIA, (c) 3D porosity predicted by the new DIA and (d) DPM simulation

used to create the artificial image and to derive the porosity distribution from.

rect the vector images produced by DaVis for particle raining through

bubbles, as described by Laverman et al. (2008). Using merely the pixel

intensity of the acquired images as measure of the local solids fraction

introduces an error, because the pixel intensity does not contain any

depth information of the solids, since that is not visible from the frontal

projection.

To circumvent this shortcoming a novel DIA algorithm based on ar-

tificially created images from Discrete Particle Simulations was designed

and tested by van Buijtenen et al. (2011a); de Jong et al. (2012b). Based

on the artificial images, a correlation between the 2D intensity of PIV

images and the actual 3D volume fraction was derived. In the new DIA

algorithm, this correlation is used to reconstruct the 3D solids fraction,

which in turn is used to correct the PIV velocity vectors. It was shown

that the 2D-3D correlation is almost independent of the fluidization

velocity, particle size and artificial image creation, but does strongly

depend on the system depth. The conceptual difference between the

conventional and new DIA algorithm is illustrated in Figure 4.1.
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Not only can the images obtained with the high speed camera be

used to investigate the solids behavior, but also the bubble properties

can be analyzed. This analysis is also performed using Digital Image

Analysis (DIA). After importing the images, first artifacts due to the lens

effect (i.e. increased illumination in the center of the image) and due to

inhomogeneous lighting are removed, after which the image is smoothed

using a 5x5 blur filter. In fluidized beds, the bubble egde does not

follow a distinct line, but comprises of a gradual change of solids fraction.

Therefore, the bubble detection is based on a pre-defined threshold value

determined by visual inspection of resulting images. Bubbles that are

too small, bubbles that are a result of poor lighting near the walls as

well as bubbles that are adjacent to the freeboard are removed. As

a last step, all remaining bubbles are converted into bubbles with an

equivalent bubble diameter and bubble center, which is used for further

processing.

4.3 Model description

For the description of fluidized beds different computational models can

be employed. The most common ones are (from most detailed to coarse)

Direct Numerical Simulation, Discrete Particle Model (DPM), Two-

Fluid Models (TFM), Discrete Bubble Models and Phenomenological

Models. The next two sections will focus on the DPM and the TFM,

which are used in this work. In this section, also the simulation data

will be specified.

4.3.1 Discrete Particle Model

This work employs a Discrete Particle Model (DPM) originally devel-

oped by Hoomans et al. (1996), in which Lagrangian particle tracking is

combined with a continuum description of the gas phase. Since the grid

size is larger than the particle size, the details of the interaction between

gas phase and particles is unresolved and modeled via a drag closure re-

lation. Because the model uses a fixed Cartesian grid, calculation times
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are small compared to models using unstructured or conformal grids,

while arbitrarily shaped objects can easily be added by using an Im-

mersed Boundary Method (IBM).

In DPM, translational particle motion is governed by Newton’s sec-

ond law (equation 4.1), where vi is the velocity, mi the mass, Vi the

volume of particle i and β the interphase momentum transfer coefficient

(proposed by Beetstra et al. (2007)). The forces on the right-hand side

represent the pressure gradient, drag force, gravity and collision forces

respectively. The rotational equation of motion is given in Eqn. 4.2,

where I represents the moment of inertia, ω̄ the rotational speed and T̄

the torque.

mi
dvi
dt

= −Vi∇p+
Viβ

εs
(uf − vi) +mig + Fcontact,i (4.1)

Ii
dω̄i
dt

= T̄i (4.2)

The interphase momentum transfer coefficient β is frequently modeled

by a combination of the Ergun equation and the Wen & Yu correlation,

but in this model the improved drag relation by Beetstra et al. (2007),

based on a direct numerical simulation study, is implemented to account

for the gas-particle interaction:

F =
βd2p
µ

= A · ε
2
s

εf
+B · εs ·Re (4.3)

A = 180 +
18ε4f
εs

(1 + 1.5
√
εs) (4.4)

B =
0.31

(
ε−1f + 3εf εs + 8.4Re−0.343

)
1 + 103εsRe2εf−2.5

(4.5)

The interphase momentum transfer coefficient β depends on viscosity,

the local voidage, the particle diameter dp and the particle Reynolds

number. Particle-particle and particle-wall collisions are calculated with

a soft-sphere approach, employing a linear spring-dashpot model that
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distinguishes between sliding and sticking collisions. The gas-phase is

described with a continuum model. The continuity and volume-averaged

Navier-Stokes equations are given in equations 4.6 and 4.7, where τf is

the gas phase stress tensor (assumed Newtonian) and S̄f→s = βū − ᾱ
the source term due to particle-gas interactions (excluding the pressure

gradient force).

∂ (εfρf )

∂t
+ (∇ · εfρf ū) = 0 (4.6)

∂ (εfρf ū)

∂t
+ (∇ · εfρf ūū) = −εf∇p+ εfρfg

− (∇ · εfτf )− S̄f→s (4.7)

For a complete overview, all relevant closures and correlations used in

the DPM are summarized in Table 4.1.

4.3.2 Two-Fluid Model

In contrast to the DPM, the TFM does not longer distinguish single par-

ticles. Instead, a continuum description for the solids phase is employed,

resulting in a second set of conservation equations for mass and momen-

tum (similar to equations 4.6 and 4.7, but then for the solids phase). To

describe the solids phase rheology, the Kinetic Theory of Granular Flow

(KTFG) is adopted: In this framework in addition to the mass and mo-

mentum conservation equations the granular temperature equation (4.8)

needs to be solved.

2

3

[
∂ (εsρsθ)

∂t
+∇ · (εsρsθūs)

]
= −

(
ps

¯̄I + εs ¯̄τs

)
: ∇ūs

−∇ · (εsq̄s)− 3βθ − γ (4.8)

In this equation, ¯̄I is the unit tensor, q̄s the pseudo-Fourier fluctuating

kinetic energy flux and γ the dissipation rate of granular energy due

to in-elastic particle-particle collisions. In the KTGF, collisions are as-

sumed binary and quasi-instantaneous, and do not take long-term and
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Table 4.1: Equations of the DPM (Hoomans, 1999; Laverman, 2010).

Gas phase viscous stress sensor τ̄g = −µg
[
∇ūg + (∇ūg)T − 2

3
¯̄I (∇ūg)

]
Source term momentum ex-

change gas-solids

S̄drag = 1
V

∫ ∑Np

k=0

Vp,kβ

1−εg (ū− v̄p,k) δ (r̄ − r̄p,k) dV

Contact force between particles F̄contact,a =
∑
b

(
F̄ab,n + F̄ab,t

)
Normal contact force F̄ab,n = −knδnn̄ab − ηnv̄ab,n

Tangential contact force F̄ab,t =

 −ktδt − ηtv̄ab,t for
∣∣F̄ab,t∣∣ ≤ µf ∣∣F̄ab,n∣∣

−µf
∣∣F̄ab,n∣∣ t̄ab for

∣∣F̄ab,t∣∣ > µf
∣∣F̄ab,n∣∣

Normal displacement δn = (Ra +Rb)− |r̄a − r̄b|

Tangential displacement δt (t) =

∫ t

t0

v̄ab,tdt

Normal damping coefficient ηn =


−2 ln en

√
mabkn√

π2 + ln2 en
if en 6= 0

2
√
mabkn if en = 0

Tangential damping coefficient ηt =


−2 ln et

√
2

7
mabkt√

π2 + ln2 et
if et 6= 0

2

√
2

7
mabkt if et = 0

Reduced mass mab =

(
1

ma
+

1

mb

)−1

Normal vector unit n̄ab =
r̄b − r̄a
|r̄b − r̄a|

Tangential vector unit t̄ab =
v̄ab,t
|v̄ab,t|

Relative velocity between
v̄ab = (v̄a − v̄b) + (Raω̄a +Rbω̄b)× n̄ab

particles a and b

Normal relative velocity v̄ab,n = (v̄ab · n̄ab) n̄ab
Tangential relative velocity v̄ab,t = v̄ab − v̄ab,n

Tangential spring stiffness kt =
2

7

(
π2 + (ln et)

2

π2 + (ln en)2

)
kn

Moment of inertia I =
2

5
maR

2
a

Torque acting on particle T̄a =
∑
b

(
Ran̄ab × F̄t,ab

)
Normal contact time tcontact,n =

√
π2 + (ln en)2

B2kn
,

Tangential contact time tcontact,t =

√
π2 + (ln et)

2

B1kt

B1, B2
7

2

(
1

ma
+

1

mb

)
,

(
1

ma
+

1

mb

)
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multiple particle contact into account (which is the case in the dense part

of the fluidized bed). To correct for this shortcoming, the solids phase

viscosity µs and the solids phase pressure ps are split up into a kinetic

part and a frictional part, which are treated separately. An overview of

all closures is given in Table 4.2. For a detailed description of the model

the reader is referred to Laverman (2010).

4.4 Experiments & simulations

In this study two different domains have been used. For DPM simula-

tions a minimum of six particle diameters in depth is required to avoid

particle bridging between from and back walls. With respect to the num-

ber of particles the model can handle (within a reasonable time frame),

a bed of 9 cm in width was chosen for the comparison between DPM

and TFM; in this case 220 000 particles were used.

However, for practical reasons the experimental set-up has a depth

of 1 cm. To retain approximately the same number of particles to avoid

long computation times, a smaller bed of 4 cm in width was chosen

for the direct comparison between experiments and DPM simulations.

These simulations required 150 000 particles to have an aspect ratio of

approximately 1, as is also used in the 9 cm bed. The settings and mea-

surement series for both domains (experimentally as well as numerically)

will be discussed next.

4.4.1 Experiments & simulations 4 cm bed

Experiments with different permeation ratios through the left and right

membrane walls have been performed. The membranes were represented

by porous plates embedded into the left and right wall of the setup along

a height of 4 cm. For all PIV experiments a time difference of 1206 µs

between consecutive images was used and a total bed mass of 26 g, which

corresponds to a fixed bed height of approximately 4.3 cm. Air was used

as fluidizing agent of glass beads of 0.5 mm in diameter with a density of

2500 kg/m3. An overview of all measurement series is displayed in Table
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Table 4.2: Equations of the TFM (Nieuwland et al., 1996; Laverman, 2010).

Granular temperature θ = 1
3
〈C ·C〉

Solids phase pressure ps = ps,kc + ps,f

Solids phase viscosity µs = µs,kc + µs,f

Solids phase frictional pressure

(Johnson and Jackson, 1987)

ps,f =


F

(εs−εs,min)r

(εs,min−εs)s
εs > εs,min

0 εs < εs,min

Frictional stress tensor (Srivas-

tava and Sundaresan, 2003)

µs,f =
pc (εs)

√
2 sinφI

2εs

√(
Di,j : Di,j

)
+ ψθs/d2p

Rate of strain tensor Di,j =
1

2

(
(∇ūs) + (∇ūs)T

)
− 1

3
∇ · ūsI

Partial slip boundary condition

(Sinclair and Jackson, 1989)



(
I − nn

)
· εsτs · n =

αwallπεsρsg0

√
θ

2
√

3ε0
us

εsqs · n = −us · εsτs · n

+

√
3π
(
1− e2n,wall

)
εsρsg0

√
θ

4ε0
θ

Particle pressure ps = [1 + 2 (1 + en) εsg0] εsρsθ

Newtonian stress-tensor τs = −µs
[
∇ū+ (∇ū)T − 2

3
Ī (∇ū)

]
Bulk viscosity λs =

4

3
εsρsdpg0 (1 + en)

√
θ

π

Shear viscosity µs =



1.01600
5

96
πρsdp

√
θ

π(
1 +

8

5

(1 + en)

2
εsg0

)(
1 +

8

5
εsg0

)
εsg0

+
4

5
εsρsdpg0 (1 + en)

√
θ

π

Pseudo-Fourier fluctuating
q̄s = −κs∇θ

kinetic energy flux

Pseudo-thermal conductivity κs =



1.02513
75

384
πρsdp

√
θ

π(
1 +

12

5

(1 + en)

2
εsg0

)(
1 +

12

5
εsg0

)
εsg0

+2εsρsdpg0 (1 + en)

√
θ

π

Dissipation of granular energy

due to inelastic particle-particle

collisions

γ = 3
(
1− e2n

)
ε2sρsg0θ

[
4

dp

√
θ

π
− (∇ · ūs)

]
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4.3. For all experimental series, also Discrete Particle Model (DPM) and

Two-Fluid Model (TFM) simulations were conducted.

Two sets of experiments have been carried out. In the first set of ex-

periments, the background fluidization velocity was kept constant, while

the amount of secondary gas added or extracted via the membranes was

varied. In the second set of experiments, the amount of secondary gas

added/extracted via the membranes was varied, while simultaneously

the background fluidization velocity was adjusted so that the outlet flow

rate remained constant. The amount of background fluidization gas is

included as percentage in the name of the measurement series (see Table

4.3).

The DPM simulations, conducted on a 4x1x12 cm3 domain use a

grid of 40x10x120 grid cells, which equals two particle diameters per cell.

This resolution has proven to be sufficiently detailed (Laverman, 2010).

The simulations use a time step of 5 · 10−5 s. As in the experiment, the

bottom 4 cm of the left and right walls are membranes through which

gas can be added or extracted. A prescribed influx boundary condition

is applied to the membranes and the bottom distributor plate. To the

left, right, front and back walls a no-slip boundary condition is applied.

The top of the fluidized bed is governed by a prescribed pressure. The

simulations contain 150 000 glass particles, which corresponds to a fixed

bed height of approximately 4.1 cm.

The TFM simulations are carried out in 2D mode, containing 40x120

grid cells on the same domain as the DPM simulations. The boundary

conditions for the gas phase are the same as for the DPM. For the

solids phase, a partial-slip boundary condition in accordance to Sinclair

and Jackson (1989) is applied. For the TFM simulations, a time step

of 1 · 10−5 s is used, which is further refined to 2 · 10−6 s whenever

necessary. The first 8.2 cm of the bed is filled with a solids fraction of

0.3, corresponding to a fixed bed height of approximately 4.1 cm.
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Table 4.3: Overview of the experimental series researched in this work.

Measurement Background Membrane Number of Simulation

series gas velocity gas velocity images for time [s]

[m/s] [m/s] DIA PIV DPM TFM

Reference 0.650 0.0000 3322 6644 35 50

100%-20% 0.650 -0.0650 3000 6000 31 50

100%-40% 0.650 -0.1300 3000 6000 26 50

100%+20% 0.650 +0.0650 3000 6000 34 50

100%+40% 0.650 +0.1300 2167 4334 20 50

120%-20% 0.780 -0.0650 3172 6344 30 50

140%-40% 0.910 -0.1300 3172 6344 28 50

80%+20% 0.520 +0.0650 3259 6518 35 50

60%+40% 0.390 +0.1300 2791 5582 31 50

4.4.2 Additional simulations 9 cm bed

For the detailed comparison between DPM and TFM, a somewhat larger

domain was chosen compared to the experiments; all simulations were

carried out in a 9x0.3x9 cm3 domain with approximately 220 000 glass

particles (density 2500 kg/m3) of 0.5 mm in diameter. The system is

limited in depth to six particle diameters in order to avoid extensive

calculation times of the DPM model, yet being deep enough to prevent

the formation of particle bridges between the walls. However, the rela-

tively small depth is also the reason why comparison to experiments is

not practical for this case.

Gas was added or extracted via the first 9 cm of the left and right

side wall, which both act as membranes. For all DPM simulations a time

step of 5 ·10−5s, a default fluidization velocity of 0.65 m/s (which equals

2.6 u/umf ) and a grid of 90x1x270 cells were used. Because only one

grid cell is used in the depth direction, a free-slip boundary condition

was applied at the front and rear wall. An overview of the simulation

series is given in Table 4.4.

Because the tangential friction and restitution are not accounted for

in the KTGF, DPM simulations with appropriate values for the friction

coefficient µ and tangential restitution coefficient β have been conducted
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Table 4.4: Overview of the simulation series used in this work. In the DPM

the friction coefficient µ and the tangential restitution coefficient β are varied,

in the TFM different grid resolutions and maximum solids fractions εs,max are

used.

Measurement Flow Simulation time DPM [s] Simulation time TFM [s]

series velocity µ 0.1 µ 0.0 µ 0.0 dp/cell : 4 4 4 2

[m/s] β 0.33 β 0.33 β 1.00 εs,max : 0.56 0.61 0.66 0.61

Reference 0.65 + 0.00 44 40 40 50 50 50 22

100%+40% 0.65 + 0.13 44 39 40 50 50 50 20

100%-40% 0.65 - 0.13 32 41 38 50 50 50 30

as well. The maximum allowed solids packing fraction εs,max was ad-

justed so that the TFM would predict the same minimum fluidization

velocity as experiments and DPM simulations, resulting in a value of

0.61. To investigate its sensitivity, simulations with a lower and higher

maximum solids fractions were carried out. An overview of these varia-

tions is provided in Table 4.4.

For the TFM simulations, a grid of 90x1x270 cells was only em-

ployed for one of the four TFM simulation series; the others use a grid

of 45x1x90 cells, corresponding to 2 particle diameters per cell. The

TFM simulations were run in 2D mode and use a smaller time step of

1 · 10−5 s, with additional time step refinement when needed.

4.5 Results & discussion experiments and models 4

cm bed

This section discusses the solids properties (circulation patterns and bed

expansion) and bubble properties of experiments and simulations on a

domain of 4 cm in width. Although this section also displays the TFM

results, the focus is on the comparison between DPM and experiments.

A more detailed comparison between DPM and TFM will be given in

section 4.6 on a larger computational domain of 9 cm in width.
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Figure 4.2: Comparison of a) experimental, b) DPM and c) TFM solids fluxes

(and their lateral profiles) for constant outflow in the 4 cm wide bed with 40 %

gas extraction (top), no permeation (middle) and 40 % addition (bottom).
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4.5.1 Solids circulation patterns

Figure 4.2 display the solids flux obtained from experiments, DPM and

TFM simulations during gas extraction, without permeation and with

gas addition, respectively. In this case the results for experiments and

simulations constant flow rate at the reactor outlet (and thus varying

inflow depending on the permeation rate) are displayed.

Figure 4.2 portays the solids circulation patterns of experimental PIV

results, DPM and TFM for gas extraction (top), no permeation (middle)

and gas addition (bottom). During gas extraction, the solids motion near

the membranes is slightly reduced. This is, of course, only the case in the

bottom 4 cm of the bed, where the membranes are located. During gas

addition (bottom row), the solids circulation pattern is inverted, with

solids moving downward via the center of the bed and upward via both

sides. This trend is not only obtained experimentally, but also captured

in both DPM and TFM simulations. The fact that the DPM simulation

results lack complete symmetry can be attributed to the relatively short

simulation time. Qualitatively, the solids circulation patterns are in

agreement with the trend as found experimentally in a larger fluidized

bed of 30 cm in width (de Jong et al., 2011).

Another noticeable difference between experiment, DPM simulation

and TFM simulation is the bed expansion (see Fig 4.2. Although the

experiment contains approximately 5 % more particles (4.3 cm fixed

bed height versus 4.1 cm for the simulations), this can not explain the

difference we observe in these graphs. In all three cases shown, the

experimental bed expansion is clearly larger than the bed expansion for

the numerical cases. The TFM has the smallest bed expansion.

However, even in the graphs displaying the lateral profiles of the

axial solids fluxes, the direct comparison between the DPM and the

TFM models is difficult. For that reason, a quantitative method, in

which all solids fluxes are compared at once, is used. For both models

an average deviation from the experimental data is calculated based

on the absolute differences between each solids flux vector, that is, the

following equation is employed:



4

90 Comparison of DPM and TFM to Experiments with Flat Vertical Membranes

Table 4.5: Deviation in solids flux ∆Φs, as defined in (4.9), between the simu-

lation (either DPM or TFM) and the experimental data.

U0 constant: 100-40% 100-20% Reference 100+20% 100+40%

DPM 32.6 20.0 10.7 6.9 16.3

TFM 29.8 15.8 10.2 15.3 14.2

U0 varying: 140-40% 120-20% Reference 80+20% 60+40%

DPM 11.5 12.5 10.7 29.7 22.1

TFM 11.5 10.4 10.2 40.0 26.9

∆Φs = 100 ·
∑
Ni

√
(vx,sim − vx,exp)2 + (vy,sim − vy,exp)2√

v2x,exp,max + v2y,exp,max

(4.9)

The resulting deviations (a combination of overprediction and under-

prediction) for all series are summarized in Table 4.5. Although the

deviations per series vary to a some extent, the average deviations for

the DPM model and the TFM model do not differ very much: their aver-

age compared to the experiments is 18.0 and 19.3 %, respectively. This

comes not as a surprise in view of the results from Figure 4.2d, in which

we can see that the TFM differs from experiments in particular in the

center of the bed, and the DPM differs more near the walls. Table 4.5

seems to show a general trend that the error increases when the gas flow

decreases; the average error for the 100%-40%, 100%-20%, 80%+20%

and 60%+40% cases is 27.1 %, while for the 100%+20%, 100%+40%,

140%-40% and 120%-20% cases it is only 12.3 %. It is known that the

description of the friction in the TFM is non-trivial. This is believed to

be the cause for the larger error at decreased gas flow, because friction

plays a more dominant role in dense systems. The deviation between

the DPM and the experiments in the vicinity of the walls is most likely

due to the extremely rough surface (sintered steel) of the membranes in

the experiment.
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4.5.2 Bubble properties

Figure 4.3 shows the bubble properties of experiments, DPM and TFM

simulations for different permeation ratios. The experimental results as

well as the DPM and TFM simulation results follow the same qualitative

trend as reported by de Jong et al. (2011) who used a fluidized bed of

30 cm in width; because of the inverted solids circulation pattern during

gas addition, bubbles split between the left and the right part of the bed,

which results in a smaller average bubble diameter. On the other hand,

gas extraction leads to slightly larger bubbles in the center of the bed

due to semi-stagnant zones of particles in the vicinity of the membranes.

Again, this can also be seen in Figure 4.3 for the experiments, but also

for the DPM and TFM simulations.

However, from the graphs indicating the bubble size, it can be con-

cluded that quanitatively neither the DPM nor the TFM gives a perfect

match with the experiments; only the reference case shows a reason-

able agreement between all three cases (except for the region near the

freeboard). For gas addition, the DPM systematically overpredicts the

bubble size, while the TFM has the tendency to underpredict the bubble

size. From the graphs showing the number of bubbles, it can be seen

that the DPM predicts more bubbles in the bottom zone of the bed.

However, for the center region, the number of bubbles compares well to

the experiments.

For gas extraction, on the other hand, both models predict smaller

bubbles near the walls, and slightly larger bubbles in the center of the

bed compared to the experiments. The bubble size can be correlated to

the number of bubbles; the DPM, but in particular the TFM, predicts

many more bubbles in the bottom center region. Since a larger density

of bubbles increases the likelyhood of coalescence, the peak in bubble

size can be explained. However, with increasing axial position, this peak

vanishes, and so does the peak of the number of bubbles for both models.

In general, the experiments show a wider distribution of both number

of bubbles and bubble size compared to the DPM and TFM simulations

results, because the models overpredict the influence of the stagnant

zones of solids near the membranes.



4

92 Comparison of DPM and TFM to Experiments with Flat Vertical Membranes

Figure 4.3: Lateral profiles of the average bubble size (top) and the average

number of bubbles per frame (bottom) at several axial positions in the fluidized

bed for different permeation ratios in the experimental and numerical (DPM

and TFM) series.
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4.6 Results & discussion DPM and TFM 9 cm bed

In contrast to the deep experimental bed discussed in section 4.5, the

comparison of DPM and TFM in a more shallow system therefore allows

a larger domain width. For the discussion of the effect of gas permeation

on bed hydrodynamics we first focus on the solids circulation patterns,

followed by the effect on the bubble properties. Subsequently, solids

mixing will be discussed.

4.6.1 Solids circulation patterns

Figures 4.4 and 4.5 compare the PDF’s of the porosity of the simula-

tions obtained from the TFM model (with the DPM as reference) and

the DPM simulations with and without particle-particle friction. It can

immediately be seen that the simulations without friction show a dif-

ferent profile compared to the DPM reference. Not only is the peak of

the DPM with friction located at a lower porosity, but also the width of

the peak is much smaller. Another difference is the fact that the DPM

without friction does not contain as many solids lean regions (porosities

higher than 90 %) as the DPM with friction.

The latter also holds for all TFM simulations. Moreover, also the

peaks are situated at higher porosities compared to the DPM reference.

In contrast to the DPM without friction, these TFM simulations show

an even smaller peak width (note that the scale of the y-axis is different

than in Figure 4.4). It can be concluded that the TFM does not produce

the same distribution of porosity in the bed as the DPM. This difference

appears to be related to the treatment of friction in the TFM.

Figure 4.6 shows the solids circulation pattern of the DPM, DPM

without friction and the TFM. Note that for the DPM it does not matter

if the tangential restitution coefficient β is set to 0.33 or to 1.00 (ideal

restitution), which can be easily seen from the overlap of these two

simulations with respect to the lateral profiles (Fig. 4.6d/h/l). Also, out

of the four TFM simulations (with varying grid resolution and maximum

solids packing fraction εs,max), only the solids circulation pattern of the
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Figure 4.4: Influence of the particle-particle friction coefficient and tangen-

tial restitution coefficient on the porosity distribution for a) 100%-40%, b) the

reference without permeation and c) 100%+40%.

Figure 4.5: Histogram of the porosity distribution for a) 100%-40%, b) the ref-

erence without permeation and c) 100%+40%. TFM simulations with varying

grid resolution and εs,max are compared to DPM simulations.
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high resolution cases is shown in Figure 4.6; the solids circulation pattern

of the other TFM simulations are similar and are only shown in the figure

showing the comparison of the lateral profiles.

It can be concluded that the DPM simulation without friction (and

without friction and ideal tangential restitution) completely fail to pre-

dict the experimentally obtained solids circulation pattern: these sim-

ulations do not show stagnant zones during gas extraction (Fig.4.6b),

produce a much more pronounced solids circulation in the reference case

(Fig.4.6f/h), and do not predict inversion of solids motion during gas

addition (Fig.4.6j). These special DPM simulations were included in

this study to find out if the TFM would coincide with these simulations.

However, from these graphs it can evidently be concluded that there

is no agreement between these DPM simulations and the TFM with

respect to solids motion.

Figure 4.7 shows the lateral profiles of the axial solids flux for the

DPM (reference) and for the different TFM cases. From this figure it

becomes clear that the four TFM simulations results do not coincide.

During gas addition these differences are relatively small; near the walls,

the TFM either underpredicts (top of bed) or overpredicts (center of

bed) the solids flux compared to the DPM. In the top center of the bed,

the DPM predicts a higher solids flux. When examining the reference

case in Figure 4.7b, the differences appear to become larger. Here, in

all cases the TFM underpredicts the solids flux very close to the wall.

At an axial position of 80 mm, the TFM shows a strong downward flux

a little bit more towards the center of the bed compared to the DPM.

However, the graph of gas addition at 80 mm height does not show this

phenomenon: here, the DPM predicts the downward peak to exist more

towards the center of the bed and the TFM simulations much closer

to the wall. Based on these observations, hardly any strong conclusion

commenting on the difference between the solids motion of DPM and

TFM simulation can be drawn.

Nevertheless, the graphs of Figure 4.7 suggest that both grid reso-

lution as well as maximum solids fraction play an important role in the

solids motion. In all cases, the solids motion of the TFM simulations
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Figure 4.6: Solids fluxes (and their lateral profiles) of DPM and TFM (2 dp/cell

and εs,max = 0.61) for 40 % gas extraction (top), no permeation (middle) and

40 % gas addition (bottom) with constant background fluidization velocity.
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Figure 4.7: Lateral prfiles of the axial solids flux of the DPM simulation and

the four different TFM cases, all with constant background fluidization velocity.
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with εs,max = 0.66 is more pronounced than obtained from simulations

with εs,max = 0.56. This result is not unexpected, because a higher

solids fraction at constant solids velocity yields a higher solids flux.

A peculiar result is the difference between the TFM with 2 dp/cell

and 4 dp/cell; it was expected that 4 dp/cell would still be sufficiently

high, which would mean that no difference between these two simulations

should be visible. However, this is clearly not the case. One could argue

that the high resolution simulations with 2 dp/cell do not have enough

simulation time for a reliable time-average, but the symmetric profiles

suggest otherwise. Despite the long simulation time necessary for such

a resolution, it appears that 2 dp/cell is indeed required. Unfortunately,

due to computational restrictions, it was not possible to run simulations

on an even finer grid.

It can be concluded that the TFM 2 dp/cell εs,max 0.61 simulation

gives the most reliable prediction of the solids flux. In all series, this

TFM simulation underpredicts the solid motion compared to the DPM.

Increasing the solids motion of the TFM could be done by increasing

the maximum solids fraction εs,max. However, we believe there should

be a physical rather than empirical reason for such a change. Moreover,

the maximum solids fraction also determines the minimum fluidization

velocity to a large extent. Therefore, its value should not be changed.

4.6.2 Bubble size distribution

Figure 4.8 shows the equivalent bubble diameter as function of axial

(top) and lateral (bottom) position. In contrast to Figure 4.3, which

clearly distinguished separate axial positions, in this case all data from

the entire bed are averaged into one graph. The lack of bed expansion

of the TFM can be seen in these graphs as well. This difference might

explain the end of the bubble growth of the TFM during gas extraction.

During gas addition, all TFM simulations match the DPM simulation

quite well. However, for the reference case (Fig. 4.8b) the TFM displays

an unexpected decrease in bubble size at an axial position of approxi-

mately 70 mm. This phenomenon might be related to the solids motion;
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Figure 4.6g shows that more solids move from the walls towards the cen-

ter of the bed at that axial position, compared to the DPM simulation.

In the bottom section, the solids motion is less pronounced compared to

the DPM. The bubble diameter as function of the lateral position hardly

displays significant differences. In general, the trend predicted by TFM

is the same as predicted by DPM, but the bubble size is slightly larger.

The DPM without friction is also displayed in these graphs. In some

respect, these simulations are in accordance with the TFM simulations

(for example Fig.4.8a/b), but Figure 4.8c does not show similarities.

Because the solids circulation patterns of the DPM simulations without

friction are completely different from the DPM reference and TFM sim-

ulations, the similarities between the bubble size distribution obtained

from the TFM and DPM simulations excluding friction is believed to be

a coincidence.

Asegehegn et al. (2011) reported a good agreement between their ex-

periments and TFM simulations with respect to bubble behavior. How-

ever, also in their cases, the bubble size of the TFM did not approach the

bubble size of experiments at higher axial positions in the bed. They also

varied the maximum solids packing fraction from 0.5 to 0.65 and found

that its influence on the bubble properties is minor. This agrees with

our results, but we did find that the maximum solids packing fraction

influences the solids circulation pattern (section 4.5).

Table 4.6 compares the average gas holdup of all simulations. Again,

the two DPM simulations without friction produce the same result. Al-

though the standard deviation is relatively large compared to the dif-

ferences in gas holdup, without exception the gas holdup increases from

gas extraction via the reference towards gas addition. Based on the

assumption that all gas exceeding the minimum fluidization point will

be transferred to the bubble phase and not to the emulsion phase, we

would be exptected that the gas-holdup during gas extraction and addi-

tion would differ more from the reference value. This result infers that

the permeated gas is not only extracted from - or added to - the bubble

phase, but also from - or to - the emulsion phase. Because reactions
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Figure 4.8: Equivalent bubble diameter for a) 40 % gas extraction, b) reference

without permeation and c) 40 % gas addition as function of axial position (top)

and lateral position (bottom). The four TFM series, varying in grid resolution

(4 dp/cell or 2 dp/cell) and εs,max, are compared to DPM simulations with and

without friction. The background fluidization velocity is kept constant.
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Table 4.6: Average gas holdup for DPM and TFM simulations, both for gas

extraction, reference and gas addition. The standard deviation is provided.

Measurement series 100%-40% [%] Reference [%] 100%+40% [%]

DPM Reference 30.8 ± 0.9 32.4 ± 2.0 33.9 ± 3.0

DPM µ 0.00 β 0.33 30.5 ± 1.2 34.1 ± 1.3 37.5 ± 2.9

DPM µ 0.00 β 1.00 30.5 ± 1.2 34.1 ± 1.3 37.5 ± 2.9

TFM, 4 dp/cell, εs,max 0.61 30.9 ± 1.5 33.2 ± 2.0 33.6 ± 2.8

TFM, 2 dp/cell, εs,max 0.61 31.8 ± 1.6 33.9 ± 2.1 33.9 ± 2.9

TFM, 4 dp/cell, εs,max 0.56 32.1 ± 1.2 34.3 ± 1.8 34.4 ± 2.6

TFM, 4 dp/cell, εs,max 0.66 29.4 ± 1.9 32.0 ± 2.3 32.7 ± 3.1

only take place in the emulsion phase, these results are very beneficial

for the mass transfer.

4.7 Conclusion

A pseudo-2D setup of 4 cm in width with flat membranes in the left

and right walls has been used to study the effect of gas extraction and

gas addition on the solids circulation patterns and the bubble proper-

ties. The experimental results have been compared to simulation results

obtained from DPM and TFM simulations. For a more detailed com-

parison between these models, a slightly larger system of 9 cm in width

was chosen.

The experimental and computational results are in qualitative agree-

ment with earlier results obtained for a 30 cm wide bed. However, both

models also show significant deviations from the experiment with respect

to solids motion and bubble size distribution. The TFM overpredicts the

solids flux in the upper part of the bed, while the DPM does so in the

lower part and near the walls. In particular the TFM shows a much

smaller bed expansion compared to the experiments. The bubble size

distribution predicted by the TFM matches the experiment quite well

during gas addition (unlike the DPM, which predicts larger bubbles),

but fails during gas extraction (as does the DPM). A part of this dis-

crepancy can be explained by the lack of bed expansion. The PDF of
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the porosity predicted by DPM and TFM show distinct differences; the

emulsion in the DPM is significantly denser than the emulsion in the

TFM. Moreover, the TFM hardly contains solids lean regions. To some

extent, this result from the TFM is similar to the porosity distribution

of a DPM simulation without particle friction. However, predicting the

solids circulation of the DPM simulation without particle friction com-

pletely fails. The direct comparison between TFM and DPM in the 9 cm

bed also reveals that a coarser grid (with 4 dp/cell) is not sufficient for

the TFM and that variations of the maximum solids fraction are clearly

visible in the resulting solids motion and bubble properties.

Although qualitative agreement was found, it can only be concluded

that both the DPM and the TFM show some serious shortcomings and

at this point in time cannot yet be used for quantitative predictions.
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5
Development of an Immersed Boundary

Discrete Particle Model

Many novel reactor concepts based on the integration of membranes in

fluidized beds have been proposed. For the detailed numerical investiga-

tion of such systems, a method is required describing the motion of the

particles while accounting for i) the gas motion and ii) the encounters be-

tween particles and confining walls/membranes. In this chapter a novel

hybrid computational method is presented, combining the Discrete Par-

ticle Model (DPM) and the Immersed Boundary Method (IBM). This

chapter focuses on the implementation and validation of these models.

The IBM component of the model has been verified by comparing the

computed drag coefficients for Simple Cubic (SC) arrays of cylinders

with data of Sangani and Acrivos (1982) at creeping flow conditions.

For higher Reynolds numbers the code has been compared to Ferziger

and Peric (2002) for a single off-center cylinder, after which simulations

with addition and extraction of gas through the membrane surface have

been conducted.

In Chapter 6 we will focus on actual fluidized bed membrane systems,

and will report results of simulations for several membrane geometries

as well as permeation ratios.
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5.1 Introduction

The combination of membranes and fluidized bed reactors for in-situ sep-

aration of reactants or products in isothermal reaction conditions is a

much investigated subject (Deshmukh et al., 2007; de Jong et al., 2011).

However, the numerical description of submerged membrane tubes in

fluidized bed reactors is not straight forward. Among the few to nu-

merically investigate membranes in fluidized beds are Christensen et al.

(2008a,c,b), who used a square grid cell as simplistic representation of a

membrane tube.

Various types of Computational Fluid Dynamics (CFD) models have

been developed for the modeling of fluidized beds (a.o. van der Hoef

et al., 2008; Akker, 2010). This work employs a Discrete Particle Model

(DPM) first introduced by Hoomans et al. (1996), in which Lagrangian

tracking of single particles is combined with a continuum description of

the gas phase. Since the Eulerian grid size is larger than the particle

size, the interaction between gas phase and particles remains unresolved

and is modeled via a drag closure relation. Because the model uses a

fixed Cartesian grid, calculation times are small compared to models us-

ing unstructured or conformal grids, while randomly shaped objects can

easily be added by using an Immersed Boundary Method (IBM). In con-

trast to continuum models (i.e. Two-Fluid or Multi-Fluid Models), the

DPM gives sufficient detail to understand the underlying phenomena,

yet allows for much more particles than with fully resolved simulations.

This chapter builds the backbone of the model, which is necessary for

the detailed investigation of the fluidized bed behavior in the presence

of submerged membranes. We will first discuss the Discrete Particle

Model (DPM) that we employ for this research. Subsequently, the in-

corporation of an explicit Immersed Boundary Method (IBM) based on

the method by Uhlmann (2005) to account for the presence and gas

permeation through immersed membranes will be discussed.

Chapter 6 aims to further narrow the gap between application and

theory, and to discover the fundamental aspects that influence fluidized

bed membrane reactor operation. The model discussed in this chapter
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is employed to study the behavior of the bed in the immediate vicinity

of the membranes for three different membrane configurations: vertical

membranes, horizontal membranes in in-line arrangement and horizon-

tal membranes in staggered arrangement. Especially the bubble size

distribution is of importance, as well as particle and gas mixing as a

function of both particle properties and operating conditions.

5.2 Model description

First, the Discrete Particle Model (DPM) will be discussed, followed by

a detailed description of the combination of DPM with the Immersed

Boundary Method (IBM).

5.2.1 Discrete Particle Model

In the DPM, all particles are tracked individually using Newton’s second

law, where v̄i is the velocity, mi the mass and Vi the volume of particle

i. The rotational equation of motion is given in Eqn. 5.2, where I

represents the moment of inertia, ω̄ the rotational speed and T̄ the

torque.

mi
dvi
dt

= −Vi∇p+
Viβ

εs
(uf − vi) +mig + Fcontact,i (5.1)

Ii
dω̄i
dt

= T̄i (5.2)

The forces on the right-hand side represent the pressure gradient, drag

force, gravity and collision forces respectively. The interphase momen-

tum transfer coefficient β is frequently modeled by a combination of the

Ergun equation and the Wen & Yu correlation, but in this model the

improved drag relation by Beetstra et al. (2007), based on a direct nu-

merical simulation study, is implemented to account for the gas-particle

interaction:
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F =
βd2p
µ

= A · ε
2
s

εf
+B · εs ·Re (5.3)

A = 180 +
18ε4f
εs

(1 + 1.5
√
εs) (5.4)

B =
0.31

(
ε−1f + 3εf εs + 8.4Re−0.343

)
1 + 103εsRe2εf−2.5

(5.5)

The interphase momentum transfer coefficient β depends on viscosity,

the local voidage, the particle diameter dp and the particle Reynolds

number. Particle-particle and particle-wall collisions are accounted for

with a soft-sphere approach, employing a linear spring-dashpot model

that distinguishes between sliding and sticking collisions. The gas-phase

motion is described with the volume-averaged Navier-Stokes equations:

∂ (εfρf )

∂t
+ (∇ · εfρf ū) = 0 (5.6)

∂ (εfρf ū)

∂t
+ (∇ · εfρf ūū) = −εf∇p+ εfρfg − (∇ · εfτf )

−S̄f→s + f̄
IBM

, (5.7)

where τf is the gas phase viscous stress tensor and S̄f→s = bū − ā the

source term due to particle-gas interactions. The exchange of quan-

tities between the Eulerian and Lagrangian grid is carried out with a

grid-independent mapping technique (Link et al., 2005). The additional

source term f̄
IBM

accounts for the presence of membranes and will be

discussed in the next section. For a more detailed description of the

DPM the reader is referred to the recent review paper by Deen et al.

(2007).

5.2.2 Immersed Boundary Method

Our Immersed Boundary Method (IBM) builds on the work by Uhlmann

(2005) and takes into account the presence of - and gas permeation
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Figure 5.1: Schematic representation of the force points located on the surface

of the cylindrical membrane.

through - cylindrical membranes inside the computational domain; the

transport of gas through the membrane structure itself is not resolved

here. Lagrangian force points, equally distributed over the surface of the

membrane, are employed to enforce the Dirichlet condition at the surface

of the submerged membrane. A schematic representation of these force

points is shown in Fig. 5.1. Each force point exerts a force on the

gas phase such that the interpolated preliminary velocity ūp of the gas

phase is equal to the specified desired gas velocity ūd at the position

of that force point. This force (̄f
IBM

) is included as a source term in

the gas phase momentum equation. Euler discretization in time of the

momentum equation (5.7) leads to:

[εfρf ū]n+1 = RHSn −∆tbnūn+1 + ∆t[̄f
IBM

]n (5.8)

RHSn = [εfρf ū]n + ∆t · (−[εf∇p]n + [εfρfg]n

= −∇ [εfτf ]n − [∇ · εfρf ūū]n + ān), (5.9)

using a linear-implicit treatment of the gas-particle drag force. Note

that the pressure term and density are evaluated at time level n instead

of n+1. In case no force would be applied (read f̄
IBM

= 0), the solution
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of ūn+1 would equal the preliminary velocity field ūp. Applying this

condition yields:

ūp =
RHSn

[εfρf ]n+1 + ∆tbn
(5.10)

However, we do apply a force and, therefore, the solution of ūn+1 in

equation 5.9 will be the desired velocity ūd. Combining equations 5.9

and 5.10 results in the relation between the force density
[̄
f
IBM

]n
and

the velocity at the old time level n (ūp):

ūd = ūp +
∆t(

[εfρf ]n+1 + ∆tbn
) [̄f

IBM
]n (5.11)

The Eulerian momentum density is subsequently mapped to the La-

grangian force points using a distribution function:

(
εfρfŪ

)p
fp

=
N∑
fp

δ
(
x̄− X̄fp

)
(εfρf ū)p , (5.12)

where x̄ and X̄fp represent respectively the Eurlerian velocity node and

the Lagrangian force point positions. Likewise, the macroscopic density

at the force points EpfpR
p
fp and the interphase momentum transfer coef-

ficient at the force point Bp
fp are obtained by interpolation of εfρf and β

at the Eulerian nodes, using a 4th order polynomial interpolation given

by Deen et al. (2004). Substituting these Lagrangian values into equa-

tion 5.11 results in the equation for the force density at the Lagrangian

force point:

F̄
p
fp = φ

(
EpfpR

p
fp + ∆tBp

fp

)(
Ū
d
fp − Ū

p
fp

)
(5.13)

The normalization factor φ signifies the relative range of influence of

each force point. For a cylinder with diameter D and height H, φ is

defined as the volume per force point divided by the total volume of a

grid cell:
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φ =
πDH

Nfp
3
√

∆x∆y∆z
(5.14)

After calculation of the Lagrangian force density F̄
p
fp, mapping needs to

be carried out again for each component of the force density separately

and needs to be summed over all Lagrangian force points N :

[̄
f
IBM

]n
=

N∑
fp

δ
(
x̄− X̄fp

)
F̄
p
fp (5.15)

Mass is added to (or extracted from) the system by means of inflow (out-

flow) cells in the front and rear wall within the cylinder perimeter. The

IBM force is added for each force point separately. Because of its explicit

nature, after a converged pressure correction the solution shows a small

deviation from the prescribed conditions. This numerical error can be

minimized by iterating until the solution has converged. To decrease the

number of iterations, only a correction to the solution obtained in the

previous time step is calculated. This process is schematically summa-

rized in Figure 5.2.

5.3 Model validation

The validation of our IBM model has been split up into three parts.

First, a validation for creeping flow (Re=0.08-0.28) through an array

of cylinders is given in accordance to the case studied by Sangani and

Acrivos (1982). Secondly, the comparison is extended to higher Reynolds

numbers (Re=20) for a case in which a single cylinder is placed off-

center in a confined channel (Ferziger and Peric, 2002). This Reynolds

number is approximately the same as the Reynolds number based on the

emulsion phase properties and the characteristic membrane diameter in

bubbling membrane fluidized beds. Finally, the numerical results for

the case of gas permeation through the cylinder surface is investigated.

For this case there are no analytical solutions available to the author’s

knowledge.
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Figure 5.2: Schematical representation of the implementation of the IBM into

the flowsolver of the DPM code.
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Table 5.1: Simulation parameters for 52 cylinders using a 6402 grid. Domain

size (0.16 x 0.16 m2).

Packing Cylinder Ncells per Nfp per

fraction c [-] diamter D [m] cylinder [-] cylinder [-]

0.05 0.008 32 12 700

0.10 0.011 46 18 000

0.20 0.016 65 25 400

0.30 0.020 79 31 100

0.40 0.023 91 35 900

0.50 0.026 102 40 900

0.60 0.028 112 44 000

5.3.1 Creeping flow

To validate the IBM implementation, firstly simulations for a Simple

Cubic (SC) array of impermeable cylinders in a bed without particles

have been performed at Reynolds numbers varying from 0.08 to 0.28.

The value of the drag force experienced by the cylinder in the center

of an array of 5x5 cylinders has proven to represent a single cylinder

in a periodic array of cylinders (the difference in drag force between

the central cylinder and its neighbors is merely 0.015 %). A domain

depth of one cell was used with free-slip boundary conditions at the

front, back, left and right side. A square domain with a size of 16x16

cm2 was used with a 6402 computational grid. It was shown that for

an accurate solution, thirty cells per cylinder diameter were sufficient;

during our simulations at least 32 were used (depending on the cylinder

diameter). An overview of the other simulation parameters is given in

Table 5.1. Note that the largest possible packing fraction for a square

array is π/4 ≈ 0.785.

Because of the explicit nature of the IBM, the interpolated gas ve-

locity at the force points will slightly differ from its prescribed value.

However, using an iterative process and a sufficiently small time step,

this can be overcome. The simulations were continued until a steady

state result was obtained.
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Figure 5.3: Non-dimensional drag as function of the packing fraction for a

square array of 5x5 cylinders. Results from literature (Sangani and Acrivos,

1982) are compared to simulation results with time steps of 10−6 and 10−7 s.

Figure 5.3 shows the dimensionless drag force F/ηU as a function of

the packing fraction inside the SC array. In this figure the simulation

results are compared to the solution reported by Sangani and Acrivos

(1982). Using a time step of 10−6 s, at low cylinder packing densities the

simulation results match the literature values quite well. However, with

increasing cylinder packing density the deviation between the simulation

results and the literature data increases. However, by reducing the time

step this difference could be reduced significantly. Due to computational

limitations, it was not possible to accurately determine the drag force

at packing densities exceeding 0.7. However, in typical fluidized bed

membrane reactors, such packing densities of cylinders (membranes) will

not be encountered.

Because at a packing fraction of 0.5 the drag force shows a deviation

at larger time step ∆t, this case is investigated in more detail. Figure 5.4

shows a screenshot of the array with packing fraction 0.5 and highlights

the flow and forcing of the central cylinder (note that not all vectors are
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Figure 5.4: a) Velocity distribution in the array of 5x5 cylinders and b) a close-

up of the central cylinder with arrows indicating the gas velocity and arrows

showing the force exerted by the force points on the surrounding fluid.

Figure 5.5: Profile of the axial velocity along the horizontal line through the

central cylinder indicated in Figure 5.4a for different DT (10−5, 10−6 and 10−7

s) and cycles (700, 1500 and 2000 cycles).
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drawn). It can be seen that the force exerted by the force points on the

fluid is smooth and symmetrical, as we expected.

In Figure 5.5 for the central cylinder from Figure 5.4a, radial profiles

of the axial gas velocity are plotted as function of the horizontal coor-

dinate direction for that cylinder. In this graph, the time step is varied

from 10−5 s to 10−7 s. Results of the 700th and 1500th time step (and

2000th cycle for ∆t = 10−7 s) are compared. As already shown in Figure

5.3, it can also be concluded from Figure 5.4b that a time step of 10−5

s is not tolerable to avoid pronounced gas flow through the cylinder at

this packing fraction. However, the usage of a smaller time step solves

this problem. Note that the velocity profile inside the cylinder is only

used to interpolate the gas velocity at the cylinder wall.

In simulations with particles in the fluidized bed, time steps smaller

than 10−6 s and thirty cells per cylinder diameter require very long

simulation times. However, in realistic systems the packing density is

usually below 0.1, a region in which the time step criterion is much less

stringent. With a more practical value of 10 cells per cylinder (and a

time step of ∆t = 10−6 s), the drag force is overpredicted by 20 % on

average compared to the data from Sangani and Acrivos (1982), and

with 10 cells per cylinder and a time step of 10−4 s, the drag force is

underpredicted by 50 % on average. These deviations are dependent on

the packing fraction. Because the mechanical force of the impact of the

particles on the cylinders is much larger than the drag force exerted by

the gas phase, this simplification does not pose a serious problem for the

simulation results.

5.3.2 Flow at moderate Reynolds

Because in fluidized beds the flow condition is beyond creeping flow, the

validation of the IBM implementation has been extended to a situation

in which a single off-centered cylinder is subjected to a flow of Reynolds

20; our bubbling fluidized bed gas-solid suspensions as presented in the

following chapter have a Reynolds number in the range of 10-30 based

on the emulsion phase properties and the characteristic membrane di-
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Figure 5.6: Velocity maps in the vicinity of the cylinder with a) no permeation,

b) 200 % gas extraction (relative to the background fluidization velocity), c) 200

% gas addition through the membrane tube and d) the particle distribution of

the static packing. The scale of the velocity vectors ranges from 0 m/s (blue)

to 3 m/s (red).
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Table 5.2: Overview of the simulation results (lift coefficient Cl and drag coef-

ficient Cd) for the Ferziger and Peric (2002) test case for Reynolds=20. The

literature values for Cl and Cd are 0.0105 and 5.581, respectively. The absolute

error in Cl is ± 0.0001, the absolute error in Cd is ± 0.001.

Cl [-] DT = 5 · 10−5 s DT = 1 · 10−5 s DT = 5 · 10−6 s

20 cells/D 0.0146 0.0126 0.0126

30 cells/D 0.0137 0.0111 0.0107

40 cells/D 0.0127 0.0101 0.0091

50 cells/D 0.0119 0.0084 -

Cd [-] DT = 5 · 10−5 s DT = 1 · 10−5 s DT = 5 · 10−6 s

20 cells/D 6.387 6.359 6.356

30 cells/D 6.260 6.216 6.212

40 cells/D 6.190 6.135 6.128

50 cells/D 6.147 6.080 -

ameter. For this purpose we adopt the test case proposed by Ferziger

and Peric (2002): a single cylinder with diameter D at position (2D,

2D) in a channel of 4.1D in height and 22D in length. At the inlet a

parabolic velocity profile is prescribed. Ferziger and Peric (2002) used

grids of 1250 to 80 000 computational cells with a conformal mesh re-

finement in the vicinity of the cylinder. Our DPM uses a Cartesian grid

consisting of 20, 30, 40 or 50 grid cells per cylinder diameter (without

further refinement); this totals 36 080 to 225 500 grid cells. Because

we know from section 5.3.1 that the IBM is sensitive to the time step

(depending on the time step and the packing fraction), we have carried

out simulations with time steps of 5 · 10−5, 1 · 10−5 and 5 · 10−6 s.

Table 5.2 provides an overview of the simulation results for the sim-

ulations with Reynolds=20. Generally, it can be concluded that the

grid resolution of 20 or 30 cells per cylinder diameter is not sufficient.

Furthermore, small variations with respect to the time step DT can be

distinguished, but these variations are relatively small for DT = 1 ·10−5

and DT = 5 · 10−6 s. The deviation in lift coefficient between Ferziger

and Peric (2002) and the simulations is 6 % for 30 or 40 cells per cylin-

der diameter and a time step of DT = 1 · 10−5 s. The deviation in drag

coefficient is 9 %, using 50 cells per cylinder diameter and a time step
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of DT = 1 · 10−5 s. Also, the ratio of Cd/Cl varies approximately 10 %

from its literature value of 530 given by Ferziger and Peric (2002). The

difference in results is believed to originate from the absence of mesh re-

finement around the cylinder in our IBM code; Ferziger and Peric (2002)

used a conformal instead of structured mesh, which inherently can de-

scribe the boundary condition more accurately. For Reynolds numbers

significantly higher than 20 this explicit IBM method is less suitable; in

that case the use of a (semi-)implicit IBM is recommended (Kriebitzsch,

2011).

5.3.3 Permeation through the cylinder surface

After the comparison of our DPM to literature cases for creeping flow as

well as higher Reynolds numbers, permeation is included in the model;

the case of a single gas-permeating cylinder in the center of the compu-

tational domain in considered, where gas is added (or extracted) equally

through the frontal surface of all grid cells that are situated well within

the cylinder perimeter. Because there is no analytical solution for this

case, it is difficult to validate the results in a quantitative way. Three test

cases (no permeation, gas addition and gas extraction) were simulated

with one cylinder (0.01 m in diameter at x/z-position of 0.015/0.015

m) in a 0.09x0.003x0.03 m3 domain with 60x1x180 computational cells

at a gas velocity of 0.65 m/s, with a loose packing of static particles

(packing fraction 0.35, see Fig. 5.6d) surrounding the membrane tube.

Relatively high permeation ratios of 200 % relative to the background

fluidization velocity were chosen for these test cases. Qualitative results

of these simulations are presented in Figure 5.6. These simulations were

also carried out without the presence of an array of static particles. The

results were very similar to the results shown in Figure 5.6.

Figure 5.6 (a) shows the flow pattern without permeation through

the membrane tube but with the no-slip condition imposed. As ex-

pected, the gas flows around the cylinder. Note that inside the cylinder

a flow is induced as well; this phenomenon is well known. We add force

to the cells surrounding the force points on the cylinder surface, but

do not enforce any restriction on these cells, thus allowing for internal
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Table 5.3: Error in the mass balance over the membranes ∆m (relative to the

permeation flow or, in case of zero permeation, relative to the background gas

velocity) and error in the mass balance over the entire system ∆s (relative to

the total inflow). The number of static particles Np and permeation (relative to

the background fluidization velocity) are varied, the prescribed accuracy is kept

constant at 5 %.

Np,static[−] Permeation [%] ∆m [%] ∆s [%]

0 -200 7e-4 7.3e-5

0 0 << 1e-4 < 0.5e-5

0 +200 7e-4 4.4e-5

13 180 -200 22e-4 8.7e-5

13 180 0 << 1e-4 1.5e-5

13 180 +200 22e-4 0.5e-5

flow in the submerged object (membrane). Usually, these gas velocities

inside the cylinder are much smaller than the exterior velocities. More-

over, as can be seen from this figure, this phenomenon does not affect

the boundary condition imposed on the membrane surface.

Table 5.3 displays the mass balance over the membrane and over the

entire system. It can be concluded from Table 5.3 that the error in the

mass balance over the system ∆s is very small. The error in the mass

balance over the membrane ∆m is approximately a factor 100 larger

than ∆s, however, this error remains relatively small.

Figures 5.6 (c) and (d) show the cases of gas extraction and gas

addition. Note that because the extraction rate is very high, an equal

amount of gas is taken from the outlet (top) of the system, as is fed via

the inlet (bottom). Since the simulation domain is higher than shown

in Figure 5.6, the flow from the top already has a parabolic flow profile,

while the gas entering from the bottom has a flat flow profile. It can be

clearly seen from the figures that also with permeation, there is a flow

induced inside the cylinder.

For transient simulations, the IBM-loop needs a convergence crite-

rion. For this criterion, the maximum deviation of all force points Nfp
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(deviation of the actual gas velocity at the force points from the desired

gas velocity) is used. It is defined as:

deviationfp = 100 · ‖u
d − u‖
‖ud‖

, (5.16)

or in cases without permeation relative to the background fluidization

velocity:

deviationfp = 100 · ‖u
d − u‖
‖ubg‖

(5.17)

Because the accuracy (i.e. the maximum deviation allowed) of the IBM

is simply enforced as the convergence criterion for the flow solver, it is

more relevant to compare the number of iterations needed to achieve the

prescribed accuracy. Therefore, several test cases have been conducted

using two cylinders of 0.01 m in diameter at x/z-positions of 0.01/0.01

m and 0.02/0.03 m, respectively, in the same computational domain as

described previously. The results are summarized in Table 5.4. The last

entry of this table is a simulation using different simulation parameters:

in this case with nine membrane tubes; it coincides with the settings

described in Chapter 6 and is added here to illustrate the influence of

a larger system geometry on the number of iterations and the average

deviation.

For the test cases with a prescribed accuracy of 0.01 % (for both

cases with and without particles), the results are not available, because

these simulations never converged. This fact implies that there is a

limit to the accuracy of the IB method. From Niter in Table 5.4 it can

clearly be concluded that the number of iterations, needed to converge

to the prescribed maximum deviation of the gas velocity at the force

points, increases dramatically as the prescribed deviation is decreased.

When particles are added to the system, this effect becomes even more

pronounced, because of the varying porosity, pressure and gas velocity

in the vicinity of the membranes. Moreover, it can be concluded that

the average deviation of gas velocity ∆u,fp depends on the prescribed

accuracy, although this dependency is not linear; it varies between ap-
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Table 5.4: Average number of iterations Niter needed for several test simula-

tions and average deviation of the gas velocity of the force points ∆u,fp with

varying accuracy, number of particles Np and permeation (relative to the back-

ground fluidization velocity).

Prescribed Np Permeation Niter ∆u,fp

deviation [%] [−] [%] [−] [%]

0.1 0 0 655 0.016

1 0 0 2 0.097

2 0 -50 2 0.003

2 0 +50 2 0.002

0.1 25 000 0 10 500 0.022

1 25 000 0 1 000 0.214

2 25 000 -50 2 0.024

2 25 000 +50 3 0.001

5 200 000 0 2 2.640

proximately 10-50 % relative to the prescribed accuracy. It is believed

that the static pressure induced by the presence of the particles has an

influence on this parameter.

5.4 Conclusions

A detailed description of the implementation of the combined IBM-DPM

has been given. It has been shown that for creeping flow with a suffi-

ciently small time steps and realistic packing fractions, the model pro-

duces results which are in good agreement with literature. For higher

Reynolds numbers the IBM method reveals slightly larger - yet accept-

able - deviations from the literature values. For cases with permeation

through the membrane, quantitative validation is difficult because no an-

alytical solution for these cases exists. Nevertheless, our model produces

credible results and low errors in the mass balances, which amounts

0.0015 % for the membrane, and 5·10−5 % for the entire system. For the

prescription of the gas velocity at the force points, an iterative method

has been embedded. Above 2 % accuracy (i.e. the maximum deviation

from its prescribed value), the average error of the gas velocity of the
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force points increases, while below 2 % the number of iterations increases

significantly.

This analysis of the newly developed model gives us enough confi-

dence to proceed; in Chapter 6, this model will be employed to compare

several simulation cases with each other and closely investigate the influ-

ence of the presence of membrane tubes, their geometry and permeation

ratio on bubble properties and solids circulation in fluidized bed mem-

brane reactors.
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6
Numerical Study on Immersed

Gas-Permeating Horizontal Membrane Tubes

In Chapter 5, a novel hybrid Immersed Boundary Method (IBM) Dis-

crete Particle Model (DPM) has been developed. In this chapter, this

model is employed to investigate fluidized bed membrane reactors in

more detail. Simulations without membrane inserts (having vertical

membranes at the side walls instead), with membrane tubes in an in-line

arrangement and membranes in a staggered arrangement are compared

with each other.

The phenomena of simulations in a 9 cm wide bed with gas extrac-

tion/addition via the side walls were identical to the results discussed in

Chapters 3 and 4. For the simulations with membrane inserts, the solids

circulation and bubble properties mainly depend on the local fluidization

velocity, and not so much on the extent of permeation itself. Although

the arrangement of the membrane tubes plays only a minor role in this

matter, their presence has a pronounced influence on the bubble size.

The system’s energy and energy dissipation are both smaller for the

simulations with inserts compared to those with permeation via the side

walls. Also in this respect, the local fluidization velocity is found to be

more important than the extent of permeation.
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6.1 Introduction

The last two decennia have shown an increase in the number of fluidized

bed membrane reactors proposed worldwide. These process-intensive

reactors combine the advantages of fluidized beds with selective in-situ

addition or removal of certain reactants. Among many others Adris

et al. (1991); Grace et al. (2005); Patil et al. (2007) have devoted exten-

sive research on fluidized membrane reactor applications with selective

extraction of hydrogen via perm-selective membranes for hydrogen pro-

duction via methane steam reforming. The integration of membranes in

the reactor enables overcoming equilibrium limitations of conventional

reactors. Another potential application area is the selectively dosing of

oxygen, resulting in inherently safe reactor operation (Mleczko et al.,

1996; Al-Sherehy et al., 2005; Deshmukh et al., 2005a,b). For more ex-

amples of potential future fluidized bed membrane reactor applications

the reader is referred to Deshmukh et al. (2007); de Jong et al. (2011).

While above-mentioned studies mainly focus on the development of

novel membrane fluidized bed reactor concepts, another driver to study

immersed objects in fluidized beds is fluidized bed combustion. Already

in early years heat transfer with cooling tubes inside fluidized beds were

investigated by Sitnai et al. (1981); Sitnai (1981), Yates et al. (1990) and

Hull et al. (1999). This research has later been extended with predictions

by continuum models (He et al., 2004) and Discrete Particle Models (Gui

et al., 2008). However, these researches do not include permeation of

gas through the tubes. One of the best experimental approaches to

mimic membranes for gas addition inside a fluidized bed so far is to

consider distributed feed. Abashar and Elnashaie (2007); Abashar et al.

(2007, 2008) demonstrated that - apart from safer reactor operation -

the distributed feeding of oxygen can also lead to a substantial increase

in hydrogen yield.

Although the majority of current research studies rely on experimen-

tally acquired data and on phenomenological models (which employ em-

pirical correlations that neglect the influence of internals, thus compro-

mising the accuracy and predictability of such models), only few groups
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investigated fluidized bed membrane reactors in more detail. Deshmukh

et al. (2005a,b) reported on the effect of the permeation rate on the gas

back mixing and bubble-to-emulsion phase mass transfer rate. Using ul-

trasound gas tracer experiments, they showed that due to the presence

of the membranes and due to the permeation of gas through the mem-

branes, macro-scale circulation patterns could be suppressed, resulting

in a near plug-flow behavior of the reactor. They also found smaller

average bubble diameters for higher permeation ratios relative to the

total gas flow, which was confirmed by Christensen et al. (2008a,c) who

studied the effects of distributed feed in more detail.

While in Chapter 5 the hybrid Immersed Boundary Method (IBM)

Discrete Particle Model (DPM) has been described, this chapter particu-

larly aims to study the fundamental aspects that influence fluidized bed

membrane reactor operation. After a brief model description, we will

focus on two different membrane configurations: vertical flat membranes

and immersed horizontal membrane tubes. The behavior of the gas in

the vicinity of the membranes is studied in detail, where especially the

bubble size distribution is of importance, as is particle and gas mixing

as a function of both particle properties and operating conditions.

6.2 Model description

This work employs a Discrete Particle Model (DPM), in which La-

grangian tracking of individual particles using Newton’s second law is

combined with a continuum description of the gas phase i.e. the continu-

ity and the volume averaged Navier-Stokes equations. Particle-particle

and particle-wall collisions are calculated with a soft-sphere approach,

employing a linear spring-dashpot model that distinguishes between slid-

ing and sticking collisions. Since the Eulerian grid size is larger than the

particle size, the interaction between gas phase and particles remains un-

resolved and is modeled via a drag closure relation. Because the model

uses a fixed Cartesian grid, calculation times are small compared to

models using unstructured or conformal grids, while randomly shaped

objects can easily be added by using an Immersed Boundary Method



6

126 Numerical Study on Immersed Gas-Permeating Horizontal Membrane Tubes

(IBM). In contrast to continuum models, the DPM gives sufficient de-

tail to understand the underlying phenomena, yet allows for much more

particles than with fully resolved simulations.

The Immersed Boundary Method (IBM), building on the work by

Uhlmann (2005), takes into account the presence of - and gas perme-

ation through - cylindrical membranes inside the domain by means of

a prescribed flux (the transport of gas through the membrane structure

itself is not resolved here). The interaction between the gas phase and

the immersed object is enforced through Lagrangian force points equally

distributed over the object’s external surface. Each force point exerts a

force on the gas phase such that the interpolated preliminary velocity

up of the gas phase is equal to the specified desired gas velocity ud at

the position of that force point. This force vector (f̄ IBM ) is included as

the source term in the gas phase momentum.

6.3 Simulation data

Three sets of five simulation cases have been performed: all simulations

were carried out for a 9x0.3x27 cm3 domain containing approximately

200 000 glass particles (density 2500 kg/m3) of 0.5 mm in diameter. For

the first five cases no membranes were inserted (”Wall”); gas was added

or extracted via the first 9 cm of the left and right side walls. In the

next five cases an in-line arrangement of nine membrane tubes was used

(”Inline”). Gas was added or extracted via these nine membranes. In

the last five cases gas was added or extracted via eight membranes in

staggered arrangement (”Stag” or ”Staggered”). For all simulations a

time step of 5 · 10−5 s, a default fluidization velocity of 0.65 m/s and

a grid of 90x1x270 cells were used. This grid resolution corresponds

to the standard DPM resolution of 2-3 particle diameters per grid cell,

which results in acceptable calculation times. The chosen membrane

size of 1 cm in diameter thus determines that the number of grid cells

per membrane is 10, which is less than desired (de Jong et al., 2012a).

Because only one grid cell is used in the depth direction, a free-slip
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Figure 6.1: The different membrane geometries considered: gas permeation

through (a) the left and right wall, (b) nine in-line placed membranes and (c)

eight staggered membranes.

boundary condition was applied for the front and rear wall. An overview

of these simulation series is given in Table 6.1 and Figure 6.1.

The 15 simulation cases can be sub-divided in two sets; in the first

set, the background fluidization velocity is kept constant, while the

amount of secondary gas added or extracted via the membranes varies

(simulation series 3 and 5 in Table 6.1). In the second set, the amount

of secondary gas added/extracted via the membranes is varied, while

simultaneously the background fluidization velocity is adjusted so that

Table 6.1: Overview of the simulation series investigated in this work

Measurement Background gas Total membrane Simulation

number/name flow/velocity flow/velocity time [s]

[%] [m/s] [%] [m/s] Wall Inline Stag

1 Reference 100 0.65 0 0 44 45 47

2 60%+40% 60 0.39 +40 +0.13 39 42 40

3 100%+40% 100 0.65 +40 +0.13 44 30 30

4 140%-40% 140 0.71 -40 -0.13 36 31 31

5 100%-40% 100 0.65 -40 -0.13 31 34 33
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Figure 6.2: Snapshots of simulations of series 1 with a) Wall, b) Inline and c)

Staggered arrangements of the membranes. Only 50 000 particles (out of 200

000) are displayed in each image.

the total flow rate at the outlet remains constant (series 2 and 4 in Table

6.1). Simulation series 1 is the reference series without additional in- or

outflow (see Fig. 6.1). It was established that 30 seconds of simulation

time was sufficient to obtain time-independent results.

6.4 Results & discussion

For the discussion of the effect of gas permeation on the bed hydrody-

namics we first focus on the solids circulation patterns, followed by the

effect on the bubble properties. Finally, mixing and energy dissipation

will be discussed.
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6.4.1 Solids circulation patterns

In order to provide a qualitative impression of the differences between

the simulation series, Figures 6.3 and 6.4 show the time-averaged solids

fractions for the Wall and Staggered simulations (the Inline cases are

omitted here, because they are very similar to the Staggered simula-

tions). It becomes clear that the difference between the top row (con-

stant background fluidization) and bottom row (constant outflow, thus

varying background fluidization) in these figures is directly related to

the total gas flow rate in the system. Although, for example, Figure

6.3 (a) and (d) show very similar characteristics, the difference in flu-

idization velocity causes the shape of the stagnant zones to the left and

right to be different, and with 140 % background fluidization particles

are ejected into the freeboard region to a larger extent.

Figure 6.4 clearly shows the effect of the membrane tubes in the sys-

tem. Firstly, the defluidized region of particles (”cap”) on top of each

membrane tube, and the void underneath each tube can be easily distin-

guished. Despite the relative large amount of gas addition/extraction,

no significant difference in those regions can be observed; the voids un-

derneath the tubes and the dense regions on top of them hardly change

when gas is added or extracted and the total gas flow rate in the sys-

tem is equal (compare for example Figure 6.4 (c) and (d), or Figure 6.4

(a) and (f)). It can be concluded that the total gas flow rate is more

important to these regions than the gas permeation rate through the

membranes.

Not only the average particle fraction gives a large amount of use-

ful information regarding the solids behavior, but also the solids flux is

of considerable importance in understanding the influence of the mem-

branes. This is shown in Figure 6.5 for the Wall simulations. In Figure

6.5 (a), the extraction of gas via the membranes causes particles to col-

lect at the left and right walls (membranes). This finding is in line with

the result shown in Figure 6.3 (a), revealing a high solids fraction in

that region. From Figure 6.5 (a) it can be inferred that the solids do

not only reside near the wall, but that this actually is a stagnant zone

with hardly any solids movement.
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a) 100%-40% b) Reference c) 100%+40%

d) 140%-40% e) Reference f) 60%+40%

Figure 6.3: Time-averaged solids fraction of the Wall simulations. Top row is

for constant inflow, bottom row for constant outflow.
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a) 100%-40% b) Reference c) 100%+40%

d) 140%-40% e) Reference f) 60%+40%

Figure 6.4: Time-averaged solids fraction of the Staggered simulations. Top

row is for constant inflow, bottom row for constant outflow.
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The more surprising phenomenon, however, is the difference between

(b) and (c). Because of the additional gas added to the system, the

particle circulation pattern completely inverts compared to the reference

case in the region. In this case the solids rise via the wall and move

back to the bottom of the fluidized bed via its center, which differs

from the ”classical” pattern with solids upflow in the center and solids

downflow near the walls. Note that above the membrane (above 90

mm), the solids circulation returns to its normal pattern, introducing

two additional vortices in the bed. These phenomena can also be clearly

seen when looking at the lateral profiles of the axial solid phase velocity

for different axial positions in the bed (Figure 6.5 (d)); in the lower part

of the bed, the solid phase velocity profile shows an upward movement

near the walls, a almost flat profile at the top of the membrane, and a

downward motion above the membrane. The results for the simulations

with varying background fluidization gave similar results with respect to

the overall solids circulation pattern (not shown here). These numerical

findings are in line with earlier published experimental results by de Jong

et al. (2011).

The results for the simulations series with Inline membrane arrange-

ment (top) and Staggered arrangement (bottom) are shown in Figure

6.6, also for constant background fluidization velocity only. By examin-

ing the reference cases (b) and (f) an upwards solids movement through

the center and a downwards movement near the wall can be discerned.

This is comparable to the Wall case without inserts, although it is obvi-

ous that the membrane tubes do significantly influence the pathway of

the solids; for the Inline simulations, solids move upwards via the two

possible pathways in between the membrane tubes. For the Staggered

case, the particles are forced through the single opening in between the

central two membrane tubes, after which the solids split up again into

two possible pathways.

With respect to the addition and extraction of gas via the membrane

tubes, the permeation does not seem to have a pronounced effect on the

solids circulation patterns; the only significant difference is the predicted

bed height, which is higher in case of gas addition. However, this effect
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Figure 6.5: Solids circulation for a) Wall 100%-40%, b) Wall Reference and c)

Wall 100%+40%. In d) the lateral profiles of the axial solids velocity for those

three simulation cases is shown for five different axial positions in the bed.

cannot be traced back to the permeation of gas through the membranes

tubes, but is due to the overall increased gas flow rate in the system for

the 100%+40% cases (and to the smaller gas flow rate in the system for

the 100%-40% cases). This can be made more clear by directly compar-

ing the 100%+40% and the 140%-40% cases to each other, since both

contain approximately the same gas flow rate (i.e. 120 % on average)

in the membrane region. This comparison is provided in Figure 6.7. In

particular, the comparison of the lateral profiles of the axial solid phase

velocity ((c) and (f)) illustrate that the difference between these two

cases is not significant, supporting the conclusion that the total gas flow

rate in the system plays a more dominant role than the gas permeation

itself.

6.4.2 Solids mixing & energy dissipation

Solids mixing as well as the energy dissipation can reveal important as-

pects of the behavior of the fluidized bed and can help to obtain a better
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Figure 6.6: Solids circulation for Inline simulations (top) and Staggered sim-

ulations (bottom). For both series the a)/e) 100%-40%, b)/f) Reference and

c)/g) 100%+40% cases are presented. In d) and h) the lateral profiles of the

axial solids velocity for those three simulation cases are shown for four different

axial positions in the bed.
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Figure 6.7: Comparison between the solids circulation of the a)/d) 100%+40%

and b)/e) 140%-40% cases, for the Inline (top) and Staggered (bottom) sim-

ulations. In c) and f) the lateral profiles of the axial solids velocity for those

two simulation cases are shown for four different axial positions in the bed.
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Table 6.2: Kinetic, rotational and potential energy as well as normal, tangential

en frictional energy dissipation by particle-particle and particle-wall collisions.

Simulation Ekin[J ] Erot[J ] −Epot[J ] Dispn[J ] Dispt[J ] Dispfr[J ]

Wall Reference 2.18e-3 1.05e-5 2.47e-2 2.27e-5 1.27e-6 2.28e-4

Wall 60+40% 1.41e-3 0.88e-5 2.17e-2 1.78e-5 0.94e-6 1.68e-4

Wall 100+40% 2.67e-3 1.45e-5 2.83e-2 3.43e-5 1.85e-6 2.88e-4

Wall 140-40% 1.79e-3 1.09e-5 2.45e-2 2.16e-5 0.31e-6 2.26e-4

Wall 100-40% 0.80e-3 0.61e-5 2.14e-2 1.24e-5 0.79e-6 1.32e-4

Inline Reference 0.62e-3 0.61e-5 1.85e-2 1.14e-5 0.60e-6 0.97e-4

Inline 60+40% 0.30e-3 0.38e-5 1.64e-2 0.67e-5 0.34e-6 0.50e-4

Inline 100+40% 1.24e-3 1.00e-5 2.04e-2 1.93e-5 0.99e-6 1.57e-4

Inline 140-40% 0.93e-3 0.84e-5 2.01e-2 1.63e-5 0.88e-6 1.41e-4

Inline 100-40% 0.18e-3 0.28e-5 1.73e-2 0.51e-5 0.29e-6 0.44e-4

Stag Reference 0.57e-3 0.58e-5 1.80e-2 1.10e-5 0.58e-6 0.94e-4

Stag 60+40% 0.28e-3 0.36e-5 1.60e-2 0.62e-5 0.32e-6 0.46e-4

Stag 100+40% 1.19e-3 0.98e-5 1.98e-2 1.89e-5 0.99e-6 1.57e-4

Stag 140-40% 0.92e-3 0.82e-5 1.96e-2 1.66e-5 0.91e-6 1.46e-4

Stag 100-40% 0.15e-3 0.25e-5 1.69e-2 0.47e-5 0.26e-6 0.40e-4

explanation of certain phenomena. Table 6.2 presents the kinetic, rota-

tional, potential and dissipated energy by particle-particle and particle-

wall collisions. It should be mentioned that for clarity the normal and

tangential dashpot energies, as well as the work performed by drag and

pressure have been omitted in this table.

Several conclusions can be drawn from Table 6.2. First, from all

simulations it can be seen that the potential energy Epot is a magnitude

larger than the kinetic energy Ekin, while the rotational energy Erot,

being another two orders of magnitude smaller, can almost be neglected.

This can be explained by the fact that, despite the bubble induced solids

movement, the majority of the particles are concentrated in a slowly

moving bulk. In a bulk, particles do not have the freedom to rotate

vigorously, nor do they have high velocities. The main mode of energy

dissipation in fluidized beds is by means of frictional stresses (Dispfric),

followed by dissipation due to normal and tangential restitution (Dispn
and Dispt), which are one, respectively, two orders of magnitude smaller

than Dispfric.
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Secondly, Table 6.2 shows that the energy of the system with inserts

is smaller than the energy of the system without inserts; on average,

the energy of the latter is a factor 1.9 larger than the energy of the

system with Inline and Staggered membrane configurations. This result

indicates lower velocities and a lower bed height for the simulations with

inserts compared to those without inserts, which is consistent with the

average solids fractions presented in Figures 6.3 and 6.4. The dissipated

energy shows exactly the same trend.

Finally, in almost all cases the 100%+40% and 140%-40% simula-

tions reveal a higher energy (and also energy dissipation) in comparison

to the corresponding reference case, while the 60%+40% and the 100%-

40% simulations have a lower energy (and a lower energy dissipation).

This result underlines the fact that the total gas flow rate in the system

(i.e. ± 120 % for the first cases and only ± 80 % for the latter) plays a

major role.

Because a uniform temperature distribution inside fluidized beds is

a result of good solids mixing, the mixing index (i.e. time for 95 %

mixing) is an important parameter. To calculate the solids mixing, the

Neighbor Distance Method as proposed by Deen et al. (2010) is used.

The index is expressed by the following equation:

M =

∑Np
i=0 rij − dp∑Np
i=0 rik − dp

, (6.1)

where rij is the distance between particle i and its initially nearest neigh-

bor j and rik is the distance between particle i and a randomly selected

particle k. The advantage of this mixing index over others proposed

in literature is the fact that it is grid-independent, unaffected by bed

expansions and results in a smooth curve. The results are summarized

in Table 6.3. As for the energy, the relatively long mixing times for

the 60%+40% and 100%-40% again show the importance of the total

gas flow rate in the system. Note that the mixing times for the Wall

simulations are much smaller. This is probably due to the fact that the

membrane tubes obstruct a good particle mixing throughout the entire

bed (as a result of compartmentalization), but can also be due to the
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Table 6.3: Time needed for 95 % mixing (in s). Standard deviation is given

(in s).

Wall Mixing time Inline Mixing time Staggered Mixing time

Reference 2.13 ± 0.10 Reference 3.12 ± 0.12 Reference 3.58 ± 0.26

60+40% 2.70 ± 0.10 60+40% 12.43 ± n.a. 60+40% 13.50 ± n.a.

100+40% 1.98 ± 0.12 100+40% 2.16 ± 0.05 100+40% 2.49 ± 0.12

140-40% 2.74 ± 0.08 140-40% 2.29 ± 0.10 140-40% 2.56 ± 0.09

100-40% 4.99 ± 0.34 100-40% 7.85 ± 1.15 100-40% 11.32 ± n.a.

presence of the membranes, which increase the distance between parti-

cles i and k, thus resulting in slightly longer mixing times. Nevertheless,

also the other simulation cases confirm the trend that the mixing of par-

ticles is highly affected by the gas flow rate, and not significantly by the

actual permeation rate through the membrane tubes.

6.4.3 Bubble size distribution

Because the bubble size is of major importance for gas-to-emulsion mass

transfer in fluidized beds, the average bubble size has been examined

and plotted as function of the axial position in Figure 6.8 and of the

lateral position in Figure 6.9. In both figures, central graphs (b) and (e)

represent the reference case, i.e. without permeation. In the top graphs

the bottom flow rate is kept constant, while the bottom graphs show

results for a varying bottom flow rate (and thus constant flow rate at

the outlet).

The most obvious trend that can be inferred from Figure 6.8 is the

fact that the equivalent bubble diameter remains small in the presence

of the membrane tubes compared to the Wall simulation series; even

without permeation (graphs (b) and (e)), the average bubble size is

significantly reduced. Note that in particular at the exact height of the

membrane tubes, the bubble diameter decreases, and increases until the

next row of membrane tubes is encountered. Above the membrane area

(above 80 mm), bubbles for the Inline and Staggered configurations

quickly increase in size. Graph (c) shows that the bubble diameter
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Figure 6.8: Comparison of bubble diameter as function of axial position in the

fluidized bed for Wall, Inline and Staggered configurations. Top graphs are for

constant bottom inflow, bottom graphs are for varying bottom inflow (and thus

constant outflow). Membrane locations are indicated by dotted lines.

surpasses even that of the Wall series; this is due to the fact that for the

Wall series, bubbles are attracted towards the left and right membranes

and split (see also Figure 6.9 (f)), resulting in a smaller average bubble

diameter (de Jong et al., 2011).

A second conclusion that can be drawn from the results for the Inline

and Staggered configurations shown in Figure 6.8 is that the total gas

flow rate in the system in the membrane zone, has a strong effect on the

bubble size; in Figure 6.8 (a) and (f) the average gas flow rate in the zone

containing the membrane tubes is only approximately 80 % compared

to the gas flow rate of the reference cases. On the other hand, for

graphs (c) and (d) the corresponding quantity amounts approximately

120 % in that same region. One can clearly see that for the latter cases,

the average bubble diameter in that region is larger than that of the

reference, which in turn is larger than for the simulations of graph (a)

and (f).
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Figure 6.9: Comparison of bubble diameter as function of lateral position in

the fluidized bed for Wall, Inline and Staggered configurations. Top graphs are

for constant bottom inflow, bottom graphs are for varying bottom inflow (and

thus constant outflow). Membrane locations are indicated by dotted lines.

In contrast to Figure 6.8, Figure 6.9 shows the bubble diameter as

function of the lateral position; in particular for the Wall simulation

series, these graphs are of particular importance in understanding the

bubble behavior. In both cases with gas extraction via the membrane

walls (graphs (a) and (d)), the gas is forced through the center of the

bed, thus resulting in larger, elongated bubbles. This phenomenon is

represented by the enlarged peak in the center of the bed. On the other

hand, addition of gas flattens the curve (Figure 6.9 (c)), and produces

two smaller peaks near both membranes to form (graph (f)). The reason

for this phenomenon lies in the creation of voids near the membranes, at-

tracting bubbles from the center of the bed towards either side (de Jong

et al., 2011).

Because the Inline and Staggered simulations permeate (extract or

add) gas evenly over the width of the bed, these series do not show

this trend. However, a trend found earlier in Figure 6.8 can also be

seen here: again, the total gas flow rate determines the shape of these
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curves. In Figure 6.9 (a) and (f), the system contains a smaller amount

of gas, while the system corresponding to graphs (c) and (d) contain

relatively more gas than the reference cases. With a smaller gas flow

rate, the systems display a more even bubble size distribution in the

lateral direction. Contrary, with more gas present in the system (see

(c) and (d)), the bubble diameter increases significantly in the center of

the bed. It is worth mentioning that also from these graphs, it becomes

obvious that the systems with membrane inserts yield smaller bubbles

on average.

From both Figures 6.8 and 6.9, it can be seen that the difference

between the Inline and Staggered is not significant. Apparantly, the

geometrical arrangement of the membrane tubes is by far less important

to the bubble diameter than their presence in the fluidized bed.

Figure 6.10 shows the bubble rise velocity as a function of its size.

It can be seen clearly that within the membrane region, in all cases

there is no difference at all between the simulations with inserts and

the simulations without inserts. Above the membrane area, the bubbles

for the systems with inserts (reference system) and for the systems with

inserts and gas addition seem to increase in size and exceed the bubble

size for the corresponding system without inserts.

By examining the snapshots from the simulations, we noticed that

the bubbles inside the membrane arrays exhibit a different shape com-

pared to bubbles in a bed without inserts. The bubbles are often con-

nected via membrane tubes or connected to the additional void under-

neath each membrane tube. Moreover, bubbles inside membrane arrays

seem more irregularly shaped compared to the situation without in-

serts. To obtain a better insight in this phenomenon, the perimeter of

each bubble was calculated by Digital Image Analysis (DIA) and the

results are plotted as a function of the bubble size in Figure 6.11. These

graphs confirmed our visual observation; in almost all cases the bubble

perimeter of systems with membrane arrays (Inline and Staggered) ex-

ceeds the perimeter of the Wall simulations above a bubble diameter of

approximately 30 mm. Only for the 100%-40% series (Figure 6.11 (a))

the bubbles did not reach a certain bubble size to allow a conclusion to
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Figure 6.10: Comparison of bubble rise velocity as function of the equivalent

bubble diameter in the fluidized bed for Wall, Inline and Staggered simulation

series. Top graphs are for constant bottom inflow, bottom graphs are for varying

bottom inflow (and thus constant outflow).

be drawn from these graphs. Note that the largest bubbles should not

be considered, because these are only present in the top section of the

bed, well above the membrane tubes (recall Figure 6.8). For small bub-

bles (smaller than 30 mm in diameter), no difference can be observed

between the systems with and without internals.

6.5 Gas back-mixing

Gas back-mixing causes a wider residence time distribution of reactants

and thus has in general a negative influence on the product selectivity;

plug-flow behavior is usually preferred. Therefore, gas back-mixing was

investigated as well. Figure 6.12 shows the percentage of gas flowing

downward relative to the total gas flow rate (flowing upward or down-

ward) in the emulsion phase of the fluidized bed. On the x-axis, not the

amount of gas permeated through the membranes, but the average total
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Figure 6.11: Comparison of bubble perimeter as function of axial position in

the fluidized bed for Wall, Inline and Staggered simulation series. Top graphs

are for constant bottom inflow, bottom graphs are for varying bottom inflow

(and thus constant outflow).

gas flow in the fluidized bed is presented. For the system without inserts

and without permeation, on average 4.7 % of the gas in the emulsion

phase is flowing downwards (and 95.3 % upwards). For the system with

inserts (and still without permeation), the average amount of gas flowing

downwards is only 2.3 %.

It is clear that the presence of the membrane tubes significantly re-

duces the extent of gas backmixing in the fluidized bed. The difference

between the Wall simulation and the Staggered/Inline cases is approxi-

mately a factor two. This result corresponds well with the mixing times

of the solids (Table 6.3) and the solids distribution portrayed in Figures

6.3 and 6.4; the compartmentalization of the bed by the membrane tubes

results in reduced solids motion, longer mixing times and reduced gas

back-mixing. The extent of gas back-mixing is even somewhat further

reduced in case of gas extraction and slightly increased in case of gas

addition.
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Figure 6.12: Percentage of gas back-mixing (relative to the total gas flow) in the

non-freeboard part of the system as function of the total gas flow rate relative

to the reference case without permeation.
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6.6 Conclusion

In this chapter, the hydrodynamics around gas-permeating membrane

tubes immersed in a gas-solid fluidized bed were investigated in detail

using a novel hybrid Immersed Boundary Discrete Particle Model via a

close comparison of three different membrane tube arrangements with

respect to solids circulation, bubble properties and the system’s energy

management. Because of the absence of obstacles, the Wall systems

behaved very differently from the systems with inserts. An inversion of

the solids circulation was found when gas was added via the side walls,

resulting in bubble splitting to the left and right side, and thus - counter-

intuitively - a smaller average bubble diameter. Gas extraction, on the

other hand, led to stagnant zones close to the membranes, resulting in

a slightly larger bubble size compared to the reference case. This result

is in agreement with experimental observations (de Jong et al., 2011).

For the system with inserts (Inline and Staggered), the solids circu-

lation did not change significantly due to the permeation of gas through

the membrane tubes. Although in the vicinity of the tubes, the time-

averaged volume fraction of particles increased during extraction and

decreased during gas addition, the overall solids circulation did not

change drastically as found in the Wall systems. As a result, the bubble

properties between gas extraction and gas addition are not very differ-

ent. However, a large influence of the membrane tubes is clearly visible:

compared to the systems without inserts, the presence of the membrane

tubes decreases the bubble size significantly. Furthermore, it was found

that the total gas flow rate in the system is more important to the bubble

size than the extent of permeation of gas through the membranes tubes.

This conclusion was confirmed by the solids circulation, the system’s

energy, the dissipated energy as well as the solids mixing.

Future work will focus on experimental work with a setup for Particle

Image Velocimetry, containing up to 66 horizontal membranes tubes,

which can be employed in different arrangements, pitches, sizes and

with varying permeation flows. Bubble properties in combination with

solids circulation will be investigated and compared to simulations.
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7
Experimental Study on Immersed

Gas-Permeating Horizontal Membrane Tubes

This chapter comprises an experimental investigation in a pseudo-2D

gas-solid fluidized bed containing horizontal submerged membrane tubes.

Employing Particle Image Velocimetry (PIV) combined with the novel

Digital Image Analysis (DIA) technique introduced in Chapter 2, the

effects of the membranes on both the solids flux profiles as well as the

bubble properties have been investigated in great detail for different

membrane configurations.

It has been shown that merely the presence of the membrane tubes

decreases the solids fluxes by about a factor three, but does not signif-

icantly change the overall circulation patterns in the bed. The perme-

ation ratio and the membrane tube arrangement (in-line vs. staggered,

size and number of membranes) hardly influence the time-averaged solids

flux profiles. Compared to a fluidized bed without inserts, horizontally

submerged membrane tubes decrease the average bubble size by a factor

of approximately three (the staggered membrane arrangement with 9.6

mm tubes slightly outperforming the other arrangements), which is of

great benefit to reduce bubble-to-emulsion phase mass transfer limita-

tions in fluidized bed membrane reactors under reactive conditions.
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7.1 Introduction

Over the last years many potential fluidized bed membrane reactor ap-

plications - both for the selective addition of reactants as well as for the

selective removal of reaction products - have been proposed. Examples

of these different applications have been given by a.o. de Jong et al.

(2011). In contrast to conventional reactors, these fluidized bed mem-

brane reactors provide in-situ separation with higher product selectivity

or increased product yield and safer reactor operation, yet circumvent-

ing problems such as hot spot formation or concentration polarization.

Nevertheless, only little detailed fundamental research has been devoted

to this subject. This chapter describes an experimental study on the

hydrodynamics of fluidized bed membrane reactors.

Ultrasound gas tracer experiments (analyzed with a phenomenolog-

ical model to deduce hydrodynamic parameters from the residence time

distribution) and numerical research on this matter has been performed

by Deshmukh et al. (2003, 2005a, 2007). The authors concluded that in

fluidized bed membrane reactors both the solids motion and the bubble

size are decreased. Christensen et al. (2008a,c,b), who performed exper-

imental and numerical work on secondary gas injections, were able to

control bubble size considerably by using injectors inside the fluidized

bed. Despite these developments, however, detailed understanding of

the effect of the presence and permeation of gas through membranes

immersed in a fluidized bed is still lacking.

Different experimental techniques have been proposed to study the

hydrodynamics of fluidized beds; they can be categorized into intrusive

methods (e.g. optical fiber probes) and non-intrusive methods, such as

electrical capacity tomography (Huang et al., 2003; Marashdeh et al.,

2008), positron emission particle tracking (Stellema et al., 2001; Laver-

man et al., 2012), magnetic resonance tomography (Mohs et al., 2009)

and radioactive particle tracking (Mahmoudi et al., 2011). However,

apart from relatively high costs and radiation hazards, the major draw-

back of these methods is the poor spatial and temporal resolution, and

that often either information on the solids hold-up or particle veloc-
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ity is obtained. Therefore, the optical and non-invasive Particle Image

Velocimetry (PIV) has been applied to fluidized gas-solid suspensions.

Because of the required optical accessibility, pseudo-2D set-ups are em-

ployed for this technique. Our research combines PIV with Digital Image

Analysis (DIA). By deriving a correlation between the (2D) image in-

tensity and the actual (3D) solids fraction, based on artificial images

created from a Discrete Particle Simulation, de Jong et al. (2012b) im-

proved the existing DIA algorithm, in particular for dilute regions within

the fluidized bed. This unique combination enables investigation of not

only the solids phase behavior, but also the bubble properties simulta-

neously and in great detail. Through the combined application of these

techniques, it is possible to determine the time-averaged solids phase

flux profiles from the obtained instantaneous particle velocity and solids

hold-up profiles in order to correct for particle raining through the roof

of the bubbles, hereby avoiding under-estimation of the particle fluxes

in the centre of the bed (Laverman et al., 2008).

de Jong et al. (2011) experimentally investigated the influence of gas

permeation through vertical flat membranes on the fluidized bed hydro-

dynamics using PIV-DIA. Counterintuitively, they found that during

gas addition via the membranes the average bubble size in the bed de-

creased due to inversion of solids circulation. On the other hand, gas

extraction resulted in a slight increase in average bubble size, because

semi-stagnant zones were formed in the vicinity of the membranes, forc-

ing particles and bubbles towards the center of the bed, which resulted

in enhanced bubble coalescence.

This chapter extends the study of de Jong et al. (2011) on vertical

membranes by investigating experimentally the effect of a change in gas

flow rate inside a fluidized bed membrane reactor containing an array of

horizontal membrane tubes submerged in the gas-solid suspension. This

research focuses specifically on bubble formation/annihilation close to

the membranes, bubble size distribution and particle mixing as a func-

tion of the gas permeation ratio, i.e. the ratio of gas added/extracted

relative to the total gas feed, fed via the bottom distributor and the

membranes. After a description of the experimental set-up and the pro-
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cedures used for data post-processing, the PIV/DIA results for cases of

gas extraction and gas addition for different membrane configurations

with membranes of different tube diameter will be discussed and com-

pared.

7.2 Experimental set-up

This section describes the experimental set-up, introduces the Particle

Image Velocimetry measuring technique and briefly explains a novel DIA

post-processing algorithm employed in this study.

7.2.1 Set-up

We have constructed a new pseudo-2D set-up to investigate the effects

of gas permeation on the fluidized bed hydrodynamics. The bed width,

depth and height are 30 cm, 1.5 cm and 1.5 m respectively. For the

front wall of the bed a glass plate is used. The rear wall of the bed is

constructed from anodized aluminum to provide a good contrast between

the solids phase and the background. Via 121 holes in the rear wall,

membrane tubes consisting of a porous cylinder with mean pore size

of 10 µm can be inserted. These membranes are 1.4 cm in height and

either 6.4 or 9.6 mm in diameter. The distributor is a porous plate

with a mean pore size of 40 µm. Although the fluxes of gas through

permselective membranes are much smaller than the cases used in this

study, these values were chosen to emphasize the effect of permeation

and to anticipate future improvements in membrane performance. On

the other hand, the selected permeation cases are much more realistic for

the non-selective porous membranes. For all experiments, glass beads

with a particle size distribution of 400-600 µm and a density of 2500

kg/m3 (Geldart B) are used. Air is used as fluidization agent.

The background fluidization gas can be controlled with a 1000 L/min

mass flow controller from Brooks Instruments. A 50 ml/min membrane

water pump, connected to an evaporator (operated at 200 ◦C), is used

to feed steam to the background fluidization gas in order to avoid elec-
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Figure 7.1: Photograph of the set-up without particles and 9.6 mm membrane

tubes in staggered arrangement.
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trostatic build-up (relative humidity ∼70 %). The membrane tubes

are manually connected to either four 500 L/min Brooks mass flow con-

trollers for gas addition, or four 44 L/min Brooks low-pressure mass flow

controllers for gas extraction. The mass flow controllers are connected

to a 10 L buffer vessel, which in turn is connected to the pressurized gas

system, and (in case of gas extraction) to a vacuum pump.

The minimum fluidization velocity Umf was determined by measur-

ing the pressure drop as a function of the (decreasing) gas velocity at

0.25 m/s. All experiments reported here have been performed with a to-

tal gas feed (background fluidization and membrane feed) corresponding

to 2.6 U/Umf . An image of the set-up is portrayed in Figure 7.1.

7.2.2 Experimental runs

As base case the fluidized bed containing 61 9.6 mm membrane tubes

in a staggered arrangement was chosen. For this case, two sets of ex-

periments were carried out; in the first set, the background fluidization

velocity was kept constant, while the amount of secondary gas added or

extracted via the membranes was varied. In the second set of experi-

ments, the amount of secondary gas added/extracted via the membranes

was varied, while simultaneously the background fluidization velocity

was adjusted so that the outlet flow rate remained constant. For the

base case, permeation ratios of 10, 20 and 40 % were investigated. Al-

though the fluxes of gas through perm-selective dense membranes are

typically much smaller than the cases used in this study, these values

were chosen to emphasize the effect of permeation and to anticipate

future improvements in membrane performance.

Next, the influence of the membrane diameter, the geometrical ar-

rangement (i.e. staggered and in-line) and the total number of mem-

brane tubes (i.e. membrane pitch) have been investigated. For these

cases the permeation ratio was 20 %. An overview of all experiments

has been summarized in Table 7.1. Figure 7.2 shows the four different

membrane arrangements investigated.
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Table 7.1: Overview of the experimental series researched in this work

Measurement Background Membrane Number of Arrange- dmembr Nr. of

series gas velocity gas velocity images for ment [mm] tubes

[m/s] [m/s] DIA [-] PIV [-] [-]

Reference 0.650 0.000 9900 8800 stag. 9.6 61

100-10% 0.650 -0.106 5600 6000 stag. 9.6 61

100-20% 0.650 -0.212 5600 6000 stag. 9.6 61

100-40% 0.650 -0.424 5600 6000 stag. 9.6 61

100+10% 0.650 +0.106 5600 6000 stag. 9.6 61

100+20% 0.650 +0.212 5600 6000 stag. 9.6 61

100+40% 0.650 +0.424 5600 6000 stag. 9.6 61

110-10% 0.715 -0.106 5600 6000 stag. 9.6 61

120-20% 0.780 -0.212 5600 6000 stag. 9.6 61

140-40% 0.910 -0.424 5600 6000 stag. 9.6 61

90+10% 0.585 +0.106 5600 6000 stag. 9.6 61

80+20% 0.520 +0.212 5600 6000 stag. 9.6 61

60+40% 0.390 +0.424 5600 6000 stag. 9.6 61

Ref-6.4mm 0.650 0.000 4000 4000 stag. 6.4 61

100-20%-6.4 0.650 -0.318 4000 4000 stag. 6.4 61

100-40%-6.4 0.650 -0.636 4000 4000 stag. 6.4 61

100+20%-6.4 0.650 +0.318 4000 4000 stag. 6.4 61

100+40%-6.4 0.650 +0.636 4000 4000 stag. 6.4 61

Ref-inline 0.650 0.000 4000 4000 inline 9.6 60

100-20%-inl. 0.650 -0.215 4000 4000 inline 9.6 60

100-40%-inl. 0.650 -0.431 4000 4000 inline 9.6 60

100+20%-inl. 0.650 +0.215 4000 4000 inline 9.6 60

100+40%-inl. 0.650 +0.431 4000 4000 inline 9.6 60

Ref-few 0.650 0.000 4000 4000 stag. 9.6 18

100-20%-few 0.650 -0.718 4000 4000 stag. 9.6 18

100-40%-few 0.650 -1.437 4000 4000 stag. 9.6 18

100+20%-few 0.650 +0.718 4000 4000 stag. 9.6 18

100+40%-few 0.650 +1.437 4000 4000 stag. 9.6 18
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Figure 7.2: Snapshots of the four different membrane arrangements investigated

in this study: a) staggered arrangement with 9.6 mm membranes, b) staggered

arrangement with fewer 9.6 mm membranes (decreased membrane pitch), c)

in-line with 9.6 mm membranes and d) staggered arrangement with 6.4 mm

membranes.



7

7.2 Experimental set-up 155

7.2.3 Particle Image Velocimetry

PIV is a non-intrusive optical technique based on the cross-correlation

of two images recorded with a very small time delay with a high speed

camera. For the analysis every image is divided into interrogation zones,

where cross-correlation on two consecutive images is employed to obtain

an average displacement of the particles in the selected interrogation

zone. For the results discussed in this chapter, the time difference be-

tween two consecutive images, taken with LaVision’s Imager Pro HS

high-speed camera with a maximum resolution of 2048x2048 pixels, was

set to 946 µs. These PIV image pairs are post-processed using the com-

mercial software package DaVis 8.0.3. A multi-pass algorithm using in-

terrogation zones of 64x64 and 32x32 pixels respectively was employed

to reconstruct the corresponding vector image. Unfortunately, DaVis

does not discriminate between dense and dilute regions. For that reason

the resulting vector image does not provide information on the actual

solids fluxes, but only the particle velocities. Therefore, a DIA algorithm

was developed to take the particle fraction in every interrogation zone

into account.

7.2.4 Novel DIA algorithm

Conventional Digital Image Analysis (DIA) algorithms discriminate bub-

ble and solids phase based on the pixel intensity, employing prescribed

threshold values or an edge detection algorithm. These algorithms cor-

rect the vector images produced by DaVis for particle raining through

bubbles, as described by Laverman et al. (2008). Using merely the pixel

intensity of the acquired images as measure of the local solids fraction

introduces an error, because this pixel intensity of the frontal projection

does not take potentially different solid fractions in the depth direction

of the bed into account.

To circumvent this shortcoming a novel DIA algorithm based on ar-

tificially created images from Discrete Particle Simulations was designed

(van Buijtenen et al., 2011a) and tested by de Jong et al. (2012b). Based

on the artificial images, a correlation between the 2D intensity of PIV
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images and the actual 3D volume fraction was derived. In the new DIA

algorithm, this correlation is used to reconstruct the 3D solids fraction,

which in turn is used to compute the solids flux profiles using the PIV

velocity vector plot. It was shown that the 2D-3D correlation is almost

independent of the fluidization velocity, particle size and light intensity

function in the depth direction used for the artificial image creation,

but does strongly depend on the system depth. An example of such a

correlation plot (and the comparison with the conventional approach) is

illustrated in Figure 7.3.

The fitted equation, that relates the 2D Intensity εs,2D to the 3D

porosity εs,3D, used for this analysis is given below with fitting parame-

ters A and B being 0.012 and 1.25, respectively. For further details the

interested reader is referred to van Buijtenen et al. (2011a) and de Jong

et al. (2012b).

εs,3D =

{
εs,3D,max for εs,3D ≥ εs,3D,max
A·εs,2D

1− 1
B
·εs,2D

for εs,3D < εs,3D,max
(7.1)

7.2.5 Digital Image Analysis

Not only can the images obtained with the high speed camera (see Fig-

ure 7.4a for an example of the reference case) be used to investigate the

solids behavior, but also the bubble properties can be analysed simulta-

neously. This analysis is performed using Digital Image Analysis. After

importing the images (Fig. 7.4b), first artifacts due to the lens effect

(i.e. an increased illumination in the center of the image) and due to

inhomogeneous lighting are removed, after which the image is smoothed

using a 5x5 blur filter (Fig. 7.4c). The bubble detection is based on a

preset threshold value. Bubbles that are too small, bubbles that are a

result of poor lighting near the walls as well as bubbles that are adja-

cent to the freeboard are removed, see Figure 7.4d. As a last step, all

remaining bubbles are converted into bubbles with an equivalent bubble

diameter (based on the bubble’s surface area) and bubble center (Fig.
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Figure 7.3: Scatter plot obtained from the data points from one artificial image

for 100 µm particles at a fluidization velocity of 10 u/umf and the fitted line.

In red, the conventional approach is schematically included (the exact position

of the cut-off value may be different). This plot, from a single artificial image,

portrays 19340 non-zero data points (A=0.050, B=0.992).
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(a) (b) (c) (d) (e)

Figure 7.4: Selection of processing steps of the Digital Image Analysis (DIA)

script; (a) original image, (b) imported image by DIA, (c) corrected and

smoothed image with freeboard removed, (d) bubble detection and (e) repre-

sentation of the equivalent bubble diameter of all bubbles found.

7.4e), which is used for further processing to determine the bubble size

and bubble velocity distributions.

7.3 Results & discussion

First, we focus on the base case (staggered arrangement of 61 9.6 mm

membrane tubes) only and discuss the effect of the permeation ratio in

great detail, including a comparison to a bed without internals. Sub-

sequently, different geometries and configurations are investigated and

compared.



7

7.3 Results & discussion 159

7.3.1 Base case

As base case, a staggered membrane arrangement with 61 9.6 mm mem-

brane tubes was selected. The pseudo 2D bed was filled with glass beads

to a height of 55 cm, referred to as the fixed bed height. Permeation

ratios have been varied from 10 to 40 % (relative to the background

fluidization velocity). For the base case, all experiments have been per-

formed both with constant background fluidization velocity (100 %) as

well as with constant outflow velocity (i.e. varying the inlet velocity

from 60 - 140 %, based on the amount of permeation via the mem-

brane tubes, see also Table 7.1). Both time-averaged solids flux profiles

(section 7.3.1) and bubble properties (section 7.3.1) will be discussed.

Solids flux profiles

Using DaVis to reconstruct the solids velocity vector plot and subse-

quently employing the new Digital Image Analysis technique, the in-

stantaneous solids flux profiles have been determined. These profiles

have been averaged over 2000-4400 images (see Table 7.1) to obtain the

time-averaged solid flux profiles. An example of the time-averaged solids

flux vector plot - in this case for the base case without permeation - is

shown in Figure 7.5. The figure reveals that the PIV reconstruction algo-

rithm has some problems in determining the solids motion accurately in

the immediate vicinity of the membranes. A mask was used to alleviate

this problem, but nevertheless some spurious vectors can be discerned

in the resulting graph (the same holds for vectors immediately next to

the walls).

Figure 7.5a reveals that the overall solids circulation pattern does

not deviate significantly from a fluidized bed without internals (see also

de Jong et al. (2011)); solids rise in the center of the bed and are recir-

culated via both sides. In the bottom of the bed, as well as in between

the upward and downwards solids flow, regions exist with limited solids

movement. However, the flux in the bed with submerged membrane

tubes is approximately a factor three smaller than in the fluidized bed

set-up without membranes tubes (de Jong et al., 2011). To assess the
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solids motion in a more quantitative way, in Figure 7.5b the lateral pro-

files of the solids flux at several vertical positions in the bed have been

shown. This figure contains not only the solids flux of the reference se-

ries, but also includes the series with 40 % gas extraction and addition

for both cases where the total inlet or outlet superficial velocity was kept

constant. The locations of the membrane tubes are also indicated in the

graph.

The most conspicuous aspect in this graph is the difference in the

magnitude of the solids fluxes between the part with immersed mem-

brane tubes and the top part without membranes due to the expansion

of the bed; in the part with immersed membranes, the solids flux is sig-

nificantly smaller than in the upper part of the fluidized bed without

membranes. In section 7.3.1 it will be shown that this difference is re-

lated to the size of the locally prevailing bubbles inside the bed. When

inspecting the influence of individual membrane tubes, the presence of

the membranes results in a significant decrease in the solids velocity in

the immediate vicinity of the membrane tubes irrespective whether the

solids move upwards or downwards. This phenomenon can be seen by

the downward pointing peaks in the solids flux profiles in the center of

the bed, and by the upwards pointing peaks at both sides of the bed at

the locations where the membranes tubes are situated.

Secondly, we can conclude that the difference between the cases of gas

extraction, no permeation and gas addition is relatively small, especially

in comparison to the case of permeation of gas through the side walls,

as reported in Chapter 3. Despite some difference in bed expansion,

this similarity in flux profiles is also the reason why the series with

a permeation ratio of 10 % and 20 % were omitted in this graph. By

comparing the results for the cases of a constant background fluidization

velocity and a constant superficial outlet velocity, it becomes clear that

not the extent of permeation of gas through the membrane tubes, but the

total flow of gas (i.e. the height-average superficial gas velocity) inside

the fluidized bed determines the magnitude of the solids fluxes. Both the

140%-40% and the 100%+40% series have a higher averaged superficial

gas velocity in comparison to the other cases examined. Figure 7.5b
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illustrates that the lateral profiles of the solids fluxes of these two series

are indeed very similar. On the other hand, the series 100%-40% and

60%+40% with only approximately 80 % of gas flow on average, are

also very much alike. This finding is also in line with results based on

numerical simulations by de Jong et al. (2012c).

Bubble properties

For the staggered arrangement and keeping the background fluidiza-

tion velocity constant, Figure 7.6 portrays the influence of the presence

of - and permeation of gas through - the membranes on the average

equivalent bubble diameter (top) and bubble aspect ratio (middle) as

function of the axial and lateral position, the average number of bubbles

as function of the axial position (bottom left) and the bubble velocity

as function of the equivalent bubble diameter (bottom right). In all

graphs, the dashed black line represents the same fluidized bed without

internals to highlight the difference between these two systems.

The most striking aspect is the fact that the average equivalent bub-

ble diameter in a system with internals is much smaller compared to the

system without internals, despite the fact that the other bubble proper-

ties (bubble aspect ratio and number of bubbles) are relatively similar.

Note that the fluidized bed without internals contained somewhat fewer

particles than the bed with internals. Compared to this difference in

bubble size, the influence of the permeation of gas through the mem-

brane tubes is of minor importance. The increased bubble break-up due

to the presence of the membrane tubes can clearly be distinguished from

the local decrease in bubble size. Above the axial position of 55cm, the

bubble size increases due to the absence of membrane tubes and then

decreases again due to the eruption of bubbles into the freeboard region.

Zooming in near the axial position of 40-50 cm, a small difference be-

tween the cases of gas addition and gas extraction can be discerned; gas

extraction appears to be resulting in a slightly larger average bubble size

compared to gas addition. This effect can be explained by inspecting the

bottom left graph of Figure 7.6, showing the number of bubbles as func-

tion of the axial position. In the experiments with gas addition, small



7

162 Experimental Study on Immersed Gas-Permeating Horizontal Membrane Tubes

Figure 7.5: Solids flux profiles of a) the reference case (without permeation)

with staggered arrangement of 61 membranes of 9.6 mm presented as vector

field and b) lateral profiles of the axial solids flux for the reference case without

permeation and with a permeation ratio of 40 % extraction and addition with

constant inflow ( 100%-40% and 100%+40% respectively) and constant outflow

( 140%-40% and 60%+40% respectively) at seven different vertical positions

(100, 200, 300, 400, 500, 600 and 700 mm).
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bubbles are frequently formed right next to (often just underneath) the

membrane tubes. Because these bubbles are relatively small, the average

bubble size for the experiments with gas addition is slightly decreased.

Similar measurements were also performed with constant outflow gas

velocity instead of constant inflow velocity. Very similar results have

been obtained and were therefore not included in this chapter.

It is worth taking a closer look at the effect of the presence of - and

permeation of gas through - membranes on a local level. Figure 7.7 shows

three snapshots; one during gas extraction and two during gas addition.

In the latter cases, the frequent collapse of the bed results in significant

gas pockets underneath the membranes (Fig. 7.7b), in particular close

to large bubbles. Also, during bed expansion the membrane tubes in

the upper half of the bed regularly show gas voids above the membrane

tubes (Fig. 7.7c). In all cases, voids quickly disappear again after they

have been formed, indicating that the additional gas is taken up by the

emulsion phase, if no larger bubble is present. Both phenomena were

hardly observed during gas extraction (Fig. 7.7a).

7.3.2 Effect of membrane configurations

Several other membrane tube arrangements i.e., in-line vs. staggered,

number of membranes tubes and diameter of the membranes have been

investigated, and the results are discussed below.

Solids fluxes

The following configurations have been investigated:

• membrane tube diameter of 6.4 mm (instead of 9.6 mm) in stag-

gered arrangement

• in-line membrane tube arrangement (with 60 instead of 61 mem-

brane tubes)

• 18 instead of 61 membrane tubes in staggerd arrangement



7

164 Experimental Study on Immersed Gas-Permeating Horizontal Membrane Tubes

Figure 7.6: top) Equivalent bubble diameter as function of axial (left) and

lateral position (right), center) bubble aspect ratio as function of axial (left) and

lateral position (right), and bottom) number of bubbles per frame as function

of the axial position (left) and average bubble rise velocity as function of the

equivalent bubble diameter (right) for different gas permeation ratios of 0, 10,

20 and 40 % with respect to the background fluidization velocity. In all cases

the background fluidization velocity was kept constant (100 %).
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Figure 7.7: Three snapshots of the fluidized bed with staggered membrane ar-

rangement of 61 9.6 mm membrane tubes for a) 40 % gas extraction and b/c)

40 % gas addition, all with constant background fluidization velocity.



7

166 Experimental Study on Immersed Gas-Permeating Horizontal Membrane Tubes

For all cases, the results for the 100%-40% extraction case, the ref-

erence case without permeation and the 100%+40% addition case are

illustrated in Figure 7.8. The membrane tubes are depicted in the graphs

to highlight the differences between these cases. Please note that the

arrangement with fewer membranes tubes (Fig. 7.8b) is not symmetric

on a certain axial position, which is reflected in an asymmetric solids

flux profiles. Furthermore, the in-line arrangement has 10 rows of mem-

brane tubes (compared to 11 rows of membrane tubes in the staggered

arrangement) to keep the number of membranes about the same (60 vs.

61).

The solids flux profiles of the arrangement with fewer membranes is

somewhat smoother compared to the base case (Fig. 7.8a/b), resulting

in a slightly higher maximum flux in the center and at both sides. The

in-line arrangement displays significantly larger solids flux profiles in be-

tween two columns of membrane tubes compared to the base case. This

can observed in particular between the 1st and 2nd column, the center

column and the 5th and 6th column in Figure 7.8c. Smaller membrane

tubes display a smaller effect on the particle flux; while Figure 7.8a al-

ready shows peaks in the profile at the axial position of 100 mm, the

profile in Figure 7.8d looks still relatively smooth at this axial position.

At higher positions the solids fluxes increase and the peaks in the lateral

profiles increase as well.

A more direct comparison between these cases is shown in Figure

7.9, in which all four arrangements are combined in the same graphs.

The most noticeable aspect is the fact that there is not much difference

between the arrangements with respect to the solids fluxes. The exact

locations of the peaks in solids fluxes differ slightly, depending on the

location of the membrane tubes, but overall the difference is remarkably

small.

Bubble properties

Figure 7.10 shows the equivalent bubble diameter as function of lateral

and axial positions, as well as the number of bubbles per frame for
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Figure 7.8: Lateral profiles of the axial solids flux of the a) staggered 9.6 mm

membrane arrangement with 61 membrane tubes, b) staggered 9.6 mm arrange-

ment with 18 membranes, c) in-line 9.6 mm arrangement and d) staggered 6.4

mm membrane arrangement, all for 40 % gas extraction, no permeation and

40 % gas addition at seven different vertical position (100, 200, 300, 400, 500,

600 and 700 mm).
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Figure 7.9: Lateral profiles of the axial solids flux of the four different membrane

arrangements for a) 40% gas extraction, b) no permeation and c) 40% gas

addition, all with constant background fluidization velocity.



7

7.3 Results & discussion 169

the different membrane configurations investigated. Contrary to Figure

7.6, these bubble data have only been categorized into 10 instead of

100 sections, thus omitting some details but providing a more smooth

representation of the results.

For all membrane configurations it can be concluded from the graphs

that the average bubble size is directly related to the number of bubbles:

if more bubbles prevail in the bed, these are the result of the presence of

the membranes and therefore reflect either the formation of very small

bubbles near the membranes or bubbles that have been split up by the

membranes into several smaller bubbles. This results in a larger number

of smaller bubbles and a decrease in average bubble size. This effect can

best be seen when comparing the center and bottom row of the graphs

in Figure 7.10; in the experiments with a smaller number of membrane

tubes the smallest number of bubbles was observed and subsequently

also the largest average bubble size in the region with immersed mem-

brane tubes (that is, below approximately 550 mm). Whether this was

the result of the formation of larger bubbles at the membranes or re-

duced bubble break-up cannot be concluded from this graph, but from

visual inspection of movies made from the images, the former is more

likely.

Comparing the different membrane configurations, the base case

shows the largest number of bubbles and the smallest average bubble

diameter, closely followed by the in-line tube arrangement. The config-

urations with smaller membrane tubes and fewer membrane tubes show

a significant decrease in the number of bubbles, and thus an increase

in average bubble size. The bubble diameter as function of the lat-

eral position confirms the finding for these results, but seems to show a

contradicting result for the case with fewer membrane tubes. This de-

viation is due to the fact that the bubble diameter of those experiments

decreases in the upper half of the bed, while the other experimental se-

ries show an increase in bubble size in this region. Because the bubble

size as function of the lateral position is averaged over the entire height

of the bed, the average bubble size of the series with fewer membranes is

smaller than that of the in-line and 6.4 mm series. Since small bubbles
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are preferred to decrease the mass transfer limitation for the gas from

the bubble to the emulsion phase where the gases typically react, the

base case is the most favorable arrangement of those investigated in this

work.

7.4 Conclusion

A pseudo-2D set-up has been constructed to experimentally investigate

the effect of the presence and permeation of gas through horizontal mem-

branes submerged in a gas-solid fluidized bed. Using Particle Image Ve-

locimetry combined with a new Digital Image Analysis technique, we

analysed both the solids flux profiles as well as the bubble properties in

great detail for different membrane tube configurations.

The largest effect observed was caused merely by the presence of the

membrane tubes; both the solids flux as well as the average bubble size is

deceased by a factor of approximately three compared to a fluidized bed

without inserts. The permeation ratio was found to have a minor effect

on the extent of solids circulation in the bed, which is mainly determined

by the average total gas flow rate through the system. We also found that

the type of membrane tube arrangement does not significantly influence

the solids circulation patterns. However, it does influence the number of

bubbles and subsequently, the average bubble size in the fluidized bed;

arrangements with fewer or smaller membrane tubes show a decrease

in the number of bubbles (and thus result in a larger average bubble

diameter). The staggered arrangement slightly outperformed the in-line

arrangement.
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Figure 7.10: Equivalent bubble diameter of the four different membrane ar-

rangements as a function of lateral position (top) and axial position (center)

for 40 % gas extraction (left), no permeation (center) and 40 % gas addi-

tion (right), all with constant background fluidization velocity. The bottom row

shows the number of bubbles per frame as function of the axial position.
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Nomenclature

Symbols

A0 Catchment area [m2]

A area [m2]

α part of drag force [ kg
m2s2

]

α specularity coefficient [-]

A, B fitting parameters [-]

A, B constants [-]

B interpolated β at the force points

B1, B2 constants [-]

β interphase momentum transfer coefficient [ kg
m3s

]

β tangential restitution coefficient [-]

C Experimental constant [-]

C particle fluctuating velocity [m/s]
¯̄D rate of strain tensor [-]

Db Bubble diameter [m]

δ overlap [m]

δv Deviation in velocity [%]

∆x,∆y,∆z size of grid cell [m]

∆t time step simulation [s]

Dispn/t/fric normal/tangential/frictional energy dissipation [J]

dp particle diameter [m]

e restitution coefficient [-]

E interpolated ε at a force points [-]

Ekin/pot/rot kinetic/potential/rotational engergy [J]

ε fluids/solids fraction [-]

F force [N]

fIBM IB force [N/m3]

F interpolated force at force points [N ]

g gravitational constant [m
s2

]

γ dissipation of granular energy due to in-elastic particle-
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particle collisions [ kg
ms3

]

h Bed height [m]
¯̄I unit vector [-]

I intensity [-]

I moment of inertia [kgm2]

k spring stiffness [N/m]

κ pseudo-thermal conductivity [kg/m/s]

λ bulk viscosity [Pa s]

m mass [kg]

µ (shear) viscosity [Pa s]

µ friction coefficient [-]

M mixing index [s]

n normal unit vector [-]

N number [-]

NX, NY , NZ number of grid cells in x, y and z direction [-]

η damping coefficient [Ns/m]

ΦI internal angle of friction [rad]

Φs solids flux [kgs ]

p pressure [Pa]

qs pseudo-Fourier fluctuating kinetic energy flux [ kgms ]

r position [m]

R radius [m]

Re Reynolds number [-]

ρ density [ kg
m3 ]

Sdrag source term particle-fluid interaction [ kg
m2s2

]

t Bed depth [m]

t time [s]

t tangential unit vector [-]

T torque [Nm]

τ stress tensor [Pa]

θ granular temperature [m
2

s2
]

u gas velocity [ms ]

ub Bubble rise velocity [m/s]

u0 Background fluidization velocity [m/s]

v particle velocity[ms ]
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V volume [m3]

ω angular velocity [rad/s]

Ψ constant [-]

Ψ Visual bubble flow rate [-]

x, y, z position [m]

Subscripts

a, b particle indices

c critical

exp experimental

i, j, k particle indices

f fluid

fr frame

fp force point

g gas-phase

kc kinetic and collisional

m method

max maximum

mf minimum fluidization

n normal

p particle

s solid

sim simulation

t tangential

th theoretical

vec vector

Superscripts

p preliminary

d desired

n time level
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Abbreviations

CFD Computational Fluid Dynamics

(c/n)DIA (conventional/new) Digital Image Analysis

DPM Discrete Particle Model

IBM Immersed Boundary Method

KTFG Kinetic Theory of Granular Flow

PDF Probability Density Function

PIV Particle Image Velocimetry

RMS Root Mean Square

TFM Two-Fluid Model
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