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Summary 1

Summary

The science and technology underlying the relationship between the physical properties

of catalyst particles and the performance and the operation behavior of slurry reactors

is still immature. In gas-liquid-solid (GLS) slurry processes, segregation of catalyst par-

ticles from the liquid phase can take the form of Catalyst Particle Agglomeration, whereas

the attachment of catalyst particles to gas bubbles can take the form of Particle-to-Bubble

Adhesion (PBA). PBA is determined by a plethora of parameters, e.g., gas properties (com-

position, density), liquid properties (surface tension, viscosity, density, surface-active com-

ponents, and nature of liquid, aqueous or organic), catalyst particle properties (diameter,

lyophobicity, surface roughness, partition coefficient, i.e., adsorption capacity between

liquid and solid), process parameters (reactant pressure, mixing intensity, catalyst concen-

tration, gas velocity), and GLS interaction coefficients, like the three phase contact angle

and the Hamaker constant. The influence of all these parameters on adhesion and agglom-

eration is of utmost importance for a proper design of catalytic slurry reactors, in terms of

reactant conversion and product selectivity, where the reactor size is largely determined

by mass transfer, and the selectivity of the reaction is strongly dependent on mixing time

and residence time.

The aim of this thesis is to understand the influence of catalyst particle properties and

the influence of liquid properties on the mass transfer, the hydrodynamics, and the reac-

tion rate. The acquired knowledge can be exploited to improve the performance of slurry

reactors, which are increasingly used in industrial practice (as absorbers, fermenters, strip-

pers, coal liquifiers, and chemical reactors for gas-liquid and gas-liquid-solid reactions).

The improved understanding will lead to cost savings for the industrial users of this type

of reactors due to a more efficient design, and will also improve the competitiveness of the

catalyst manufacture due to a more efficient design of the catalyst.

The research has been carried out in three types of slurry reactors: a surface aeration

stirred slurry reactor (SAR) with a known flat gas-liquid (GL) interface, a gas-inducing

stirred slurry reactor (GIR), and a slurry bubble column reactor (SBC). Since the hydrody-

namics of SBCs are complicated as illustrated by the enormous amount of research done,

the addition of catalyst particles for the chemical reaction further increases the level of

difficulty. Hence, an important subject of this thesis is the investigation of mass transfer

with chemical reaction in the SAR and in the GIR as a reference. A detailed overview of

the content of this thesis is outlined in Table 1.

A model is presented for GL mass transfer in slurry reactors by catalyst particles ad-

hering at the GL interface. This model is a combination of a particle-interface-adhesion-

dehesion (PIAD) model and the GLS-GS-model. The PIAD model is a dynamic descrip-

tion of the equilibrium between the particle adhesion rate and the particle dehesion rate

at the GL interface. The adhesion and dehesion rates (ratio giving the PIAD equilibrium

constant) determine the average residence time of the particles at the GL interface. The



2 Summary

Table 1: Overview of experimental and theoretical work in the three reactors reported in this

thesisa,b,c.

Reactor Experiment Effects of Effects on Model

SAR
(Chap-
ter 2)

dynamic gas absorption,
pseudo steady state ab-
sorption

NI , Ccat,
Celectrolyte,
oxidation,
hydrogenation

kl, Rv PIAD-model
and GLS-GS-
model

GIR (Chap-
ters 3 and
4)

dynamic gas absorp-
tion, pseudo steady state
absorption, saturation
method, pressure-step
method

NI , Ccat, pO2
,

Celectrolyte, oxi-
dation, hydro-
genation

klal, Rv GLS-GS-
model

SBCd(Chap-
ters 5, 6, 7,
and 8)

Pressure drop measure-
ments, Spectral analysis of
fluctuating pressure, Satu-
ration method, High speed
video imaging, pseudo
steady state absorption

ug, Ccat,
Celectrolyte,
hydrogenation

εg, utrans,
εtrans, al

(small,
large), kl

(small,
large), Rv

Gas hold-up
model and
GLS-GS-
model

a The detailed description of the symbols can be found in any chapter.
b Concentration of carbon and silica catalyst support (0 to 20 g/l, 0-4 vol%), 3%

Pd/Carbon and 3% Pd/Silica catalyst (0 to 10 g/l, 0-2 vol%), concentration of organic
electrolyte sodium gluconate (0.05-0.5 M) and the combination of particles and elec-
trolyte were investigated in each type of slurry reactor.

c Two Pd-catalyzed reactions were studied: oxidation of D-glucose (aqueous phase) to
gluconic acid and hydrogenation of α-methyl styrene (organic phase) to cumene over
Pd-supported catalyst.

d Two types of gas-liquid SBC system were chosen: N2-demineralized water (200× 30×
1.5 cm3) and H2-AMS-cumene (200 × 40 × 1 cm3).

GLS-GS-model is a combination of the classical resistances-in-series gas-to-liquid-to-solid

(GLS) mass transfer model and direct gas-to-solid (GS) mass transfer model. It is shown

that the average residence time at the GL interface, the solid-liquid partition coefficient,

the particle diameter, and the reaction rate determine the mass transfer rate by shuttling of

the particle between the GL interface and the bulk liquid. The model parameters are deter-

mined from mass transfer and reactivity experiments, with oxidation and hydrogenation

reactions in the SAR (low mixing intensity, 200-700 rpm, 0-2 kW m−3
l ). It is shown that the

mass transfer increases with mixing intensity and the mass transfer coefficient under re-

active conditions is higher than non reactive conditions. The GS mass transfer coefficient

increases with mixing intensity but GLS mass transfer coefficient increases more, this de-

creases the mass transfer enhancement factor with mixing intensity. The mass transfer

model is able to predict physical and reactive mass transfer rates as a function of particle

diameter, liquid-solid partition coefficient, stirring speed, and catalyst concentration. Ex-

perimental and theoretical enhancement factors for non-reactive and reactive mass trans-

fer agree well.
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The mechanism for the increase in the rate of GL mass transfer is still a subject of

discussion. In this context, four possible mechanisms for the enhancement of GL mass

transfer are proposed: (1) boundary layer mixing, (2) shuttling, (3) coalescence inhibition,

and (4) boundary layer reaction. The GL mass transfer coefficient and enhancement factor

are evaluated in the GIR (high mixing intensity, 400-1500 rpm, 2-25 kW m−3
l ). Physical en-

hancement (mechanisms 1, 2, and 3) and reaction enhancement (mechanism 4) are inves-

tigated separately by dynamic gas absorption experiments without reaction and pseudo-

steady state gas absorption experiments with reaction. It is shown that mechanism 1 is

predominant at low mixing intensity, whereas the contribution of mechanism 2 is not sig-

nificant. Carbon/silica particles and electrolyte (sodium gluconate, product of glucose ox-

idation reaction) individually increase the volumetric GL mass transfer coefficient, which

is mainly attributed to mechanism 3. Especially a combination of particles and electrolyte

strongly increases GL mass transfer. Mechanism 3 also holds at higher mixing intensity.

Mechanism 4 magnifies the impact of mechanisms 1, 2 and 3. In aqueous glucose slurry,

physical enhancement (mechanisms 1 and 3) and reaction enhancement (mechanism 4) are

observed. In organic AMS-cumene slurry, lyophobicity affects reaction enhancement only.

For the Pd-catalyzed glucose oxidation reaction at mass transport limited conditions,

the experimental reaction rate is higher for lyophobic 3% Pd/Carbon catalyst than for

lyophilic 3% Pd/Silica catalyst in the GIR. This is attributed to a higher PBA of the 3%

Pd/Carbon catalyst. The interfacial catalyst concentration is quantified by a PBA equilib-

rium parameter in a PBA-isotherm. The GLS-model cannot describe the overall reaction

rate. An additional GS-model is presented with a gas-to-solid mass transfer coefficient to

describe the increased rate of reaction by the catalyst particles adhered to the GL interface.

The experiments are performed at various mixing intensities, oxygen partial pressure, and

catalyst concentrations. The PBA equilibrium constant and the gas-to-solid mass transfer

coefficient during reaction are estimated as a function of mixing intensity. It is shown that

the combined GLS-GS-model adequately describes the experiments.

In slurry bubble columns (0-0.4 m/s, 0-6 kW m−3
l ), it is proposed to use the changes

in the coherent standard deviation of the measured pressure time series with gas velocity

as unique and unambiguous criteria to mark flow regime transitions. In a 2-dimensional

(2D) slurry bubble column, the gas velocity where the first large bubbles are detected,

with an average diameter of 1.5 cm and with a frequency of occurrence of 1 bubble per

second, is designated as the first regime transition point (transition from the homoge-

neous regime to the transition regime). At this point, the coherent standard deviation of

the measured pressure fluctuations clearly increases from zero. The gas velocity where the

average diameter and the frequency of occurrence of the large bubbles become constant, is

designated as the second regime transition point (transition from the transition regime to

the heterogeneous regime). From this point onwards, the slope of the coherent standard

deviation of the measured pressure fluctuations clearly decreases with gas velocity. The

average frequency of pressure time series can be used to confirm the second transition
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point. These clear changes with gas velocity in the coherent standard deviation and in the

average frequency were also been demonstrated in a 3-dimensional (3D) slurry bubble

column.

For the correct interpretation of the gas hold-up data obtained in a 2D bubble column

in relation to 3D systems, a simple hydrodynamic gas hold-up model is described. The

gas hold-up model connects the homogeneous and the heterogeneous regimes by a tran-

sition point. A new correlation for diameter and frequency of occurrence of large bubbles

is formulated for 2D SBC’s. The model consists of one fit parameter in the homogeneous

regime and one fit parameter in the heterogeneous regime. The two fit parameters provide

the estimation of the upward liquid velocity in the homogeneous and the heterogeneous

regimes. It is shown that the gas hold-up model describes the experimental gas hold-up

versus superficial gas velocity results at all particle and electrolyte concentrations. Fur-

thermore, the derived 2D model predicts nearly the same gas hold-up as predicted by the

3D gas hold-up model in the heterogeneous regime. This shows that under specific cir-

cumstances, 2D gas hold-up data can be used in scale-up studies.

The influence of carbon and silica particles, electrolyte, and the combination of elec-

trolyte and particles on regime transition, gas hold-up, and volumetric mass transfer coef-

ficient have been studied in the aqueous 2D SBC. The imaging of GL slurry flow was used

to obtain information about the large bubble hold-up, the specific GL interfacial area, the

large bubble diameter, the large bubble rise velocity, and the frequency of occurrence of

large bubbles. This allowed the quantification of the liquid side mass transfer coefficient

from the volumetric mass transfer coefficient and the GL interfacial area. It is found that

lyophilic silica, lyophobic silica, and lyophobic carbon particles at concentrations greater

than 2 g/l (0.4 vol%) decrease the gas hold-up and shift the regime transition points to

lower gas velocities. It is shown that the volumetric mass transfer coefficient increases

with gas velocity, increases with electrolyte concentration, and decreases with slurry con-

centration. The liquid side mass transfer coefficient increases with gas velocity, bubble

diameter, and is higher for lyophobic particles. A new correlation for the mass transfer

coefficient based on dimensionless numbers is proposed for the heterogeneous regime.

The influence of catalyst particle lyophobicity on mass transport and hydrogenation

reaction rate is investigated in the GIR and in the 2D SBC. It is found that the influence of

particle lyophobicity on the gas hold-up, the mass transfer, and the reaction rate in organic

liquids is negligible. The overall rate of mass transfer is modeled by the GLS-model. The

model describes the mass transfer and the reaction rate with varying catalyst concentra-

tion and mixing intensity in both the GIR and the SBC. The volumetric GL mass transfer

coefficient is fitted for both catalysts in the GIR and the SBC. The results are compared

with relevant literature correlations. The phenomenon of particle-to-bubble adhesion is

significant but similar for both catalysts in organic liquids.

Summarizing, the results presented in this thesis provide a foundation for understand-
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ing the relationships between the catalyst particles properties and the liquid properties on

the hydrodynamics and the mass transfer behavior of slurry reactors. In general, if the

adhesion ability of the catalyst particles to the GL interface is improved by modifying

the surface properties of the particles; the catalyst particles are then exposed to a higher

dissolved gas concentration, and as a consequence, higher reaction rates can be obtained.

This will increase the catalyst efficiency and, consequently, lead to a remarkable reduction

of the hold-up of expensive noble metal containing catalysts in slurry reactors. Inversely,

if a high gas concentration is undesirable because of selectivity reasons or catalyst poison-

ing, a non-adhering catalyst support would be preferred.



6 Samenvatting

Samenvatting

De wetenschap en technologie die ten grondslag liggen aan de relatie tussen de fysische

eigenschappen van katalysatordeeltjes en de prestatie en bedrijfsgedrag van slurriereac-

toren is nog steeds onvolwassen. In gas-vloeistof-vast (gas-liquid-solid, GLS) processen,

kan segregatie van katalysatordeeltjes plaatsvinden in de vorm van Katalysatordeeltjesag-

glomeratie , terwijl het hechten van katalysatordeeltjes aan gasbellen kan plaatsvinden in

de vorm van Katalysatordeeltje-aan-gasbeladhesie (Particle-to-Bubble Adhesion, PBA). PBA

wordt bepaald door een plethora van parameters, zoals gaseigenschappen (samenstelling,

dichtheid), vloeistofeigenschappen (oppervlaktespanning, viscositeit, dichtheid, opper-

vlakteäctieve stoffen en de aard van de vloeistof, waterig of organisch), katalysatordeeltjes-

eigenschappen (diameter, lyofobiciteit, oppervlakteruwheid, partitiecoëfficiënt, dat is, de

adsorptiecapaciteit tussen vloeistof en vaste stof), procesparameters (reactantendruk, roer-

intensiteit, katalysatordeeltjesconcentratie, gassnelheid) en gas-vloeistof- vast-interactie-

coëfficiënten zoals de driefasencontacthoek en de Hamakerconstante. De invloed van al

deze parameters op adhesie en agglomeratie is van het allergrootste belang voor een juist

ontwerp van katalytische slurriereactoren, in termen van reactantenomzetting en produk-

tselectiviteit, waar de reactorgrootte voornamelijk bepaald wordt door stofoverdracht en

de selectiviteit van de reactie sterk afhangt van mengtijd en verblijftijd.

Het doel van dit proefschrift is het begrijpen van de invloed van katalysatordeeltjes-

eigenschappen en de invloed van vloeistofeigenschappen op de stofoverdracht, de hy-

drodynamica en de reactiesnelheid. De verkregen kennis kan worden uitgebuit teneinde

de prestatie van slurriereactoren, die in toenemende mate in de industrie worden ge-

bruikt (als absorbeerders, fermenteerders, strippers, koolvervloeiers en chemische reac-

toren voor gas-vloeistof en gas-vloeistof-vast reacties). Het toegenomen begrip zal leiden

tot kostenbesparingen voor de industriële gebruikers van dit type reactoren ten gevolge

van een efficiënter ontwerp en zal ook het concurrentievermogen van de katalysatorpro-

duktie verbeteren door een efficiënter ontwerp van de katalysator.

Het onderzoek is uitgevoerd in drie typen slurriereactoren: een oppervlakbelucht ge-

roerde slurriereactor (surface aeration stirred slurrie reactor, SAR) met een bekend vlak

gas-vloeistofoppervlak (GL-oppervlak), een gasinducerende geroerde slurriereactor (GIR)

en een slurriebellenkolomreactor (SBC). Omdat de hydrodynamica van SBC’s gecom-

pliceerd is, zoals geı̈llustreerd door de enorme hoeveelheid aan gedaan onderzoek, ver-

hoogt het toevoegen van katalysatordeeltjes voor de chemische reactie verder de moeilijk-

heidsgraad. Dientengevolge is het onderzoek naar stofoverdracht met chemische reactie

in de SAR en de GIR als referentie een belangrijk onderwerp in dit proefschrift. Een gede-

taileerd overzicht van de inhoud van dit proefschrift is weergegeven in tabel 2.

Een model wordt gepresenteerd voor GL-stofoverdracht door aan het GL-oppervlak

adherende katalysatordeeltjes in slurriereactoren. Dit model is een combinatie van een

deeltje-oppervlak-adhesie-dehesiemodel (particle-interface-adhesion-dehesion, PIAD) en
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het GLS-GS-model. Het PIAD-model is een dynamische beschrijving van het evenwicht

tussen de deeltjesadhesiesnelheid en de deeltjesdehesiesnelheid aan het GL-oppervlak.

De adhesie- en dehesiesnelheden (de verhouding geeft de PIAD-evenwichtsconstante)

bepalen de gemiddelde verblijftijd van de deeltjes aan het GL-oppervlak.

Table 2: Overzicht van experimenteel en theoretisch werk in de drie reactoren besproken in dit

proefschrifta,b,c.

Reactor Experiment Effecten van Effecten
op

Model

SAR
(Hoofd-
stuk
2)

dynamische gas absorptie,
pseudostationaire absorptie

NI , Ckat,
Celectroliet,
oxidatie, hy-
drogenatie

kl, Rv PIAD-model
en GLS-GS-
model

GIR
(Hoofd-
stukken 3
en 4)

dynamische gas absorptie,
pseudostationaire absorptie,
verzadigingsmethode, druk-
stapmethode

NI , Ckat, pO2
,

Celectroliet,
oxidatie, hy-
drogenatie

klal, Rv GLS-GS-
model

SBCd(Hoofd-
stukken
5, 6, 7, en
8)

drukvalmetingen, spectrale
analyse van drukfluctuaties,
verzadigingsmethode, hoge-
snelheid videobeelden,
pseudostationaire absorptie

ug, Ckat,
Celectroliet,
hydrogenatie

εg, utrans,
εtrans, al

(klein,
groot),
kl (klein,
groot), Rv

Gasophopings
model en
GLS-GS-
model

a De gedetaileerde omschrijving van de symbolen kan in ieder hoofdstuk worden
gevonden.

b Concentratie van koolstof en silica katalysatordrager (0 tot 20 g/l, 0-4 vol%), 3%
Pd/Koolstof en 3% Pd/Silica katalysator (0 tot 10 g/l, 0-2 vol%), concentratie van
organisch electroliet natriumgluconaat (0.05-0.5 M) en de combinatie van deeltjes en
electroliet zijn onderzocht in ieder type slurriereactor.

c Twee Pd-gekatalyseerde reacties zijn bestudeerd: oxidatie van D-glucose (waterige
fase) naar gluconzuur en hydrogenatie van α-methylstyreen (organische fase) naar
cumeen met Pd-dragende katalysator.

d Twee typen gas-vloeistof SBC systemen zijn gekozen: N2-gedemineraliseerd water
(200 × 30 × 1.5 cm3) en H2-AMS-cumeen (200 × 40 × 1 cm3).

Het GLS-GS-model is een combinatie van het klassieke weerstanden-in-serie, gas-naar-

vloeistof-naar-vast (gas-to-liquid-to-solid, GLS) stofoverdrachtsmodel en directe gas-naar-

vast (gas-to-solid, GS) stofoverdrachtsmodel. Er is aangetoond dat de gemiddelde verblijf-

tijd aan het GL-oppervlak, de vast-vloeistof partitiecoëfficiënt, de deeltjesdiameter en de

reactiesnelheid, door het heen-en-weer bewegen van de deeltjes tussen het GL-oppervlak

en de vloeistofbulk de stofoverdrachtssnelheid bepalen. De model parameters zijn bepaald

uit stofoverdrachts- en reactiviteitsexperimenten, met oxidatie- en hydrogenatiereacties in

de SAR (lage mengintensiteit, 200-700 rpm, 0-2 kW m−3
l ) Er is aangetoond dat de stofover-

dracht toeneemt met de mengintensiteit en dat de stofoverdrachtscoëfficiënt onder reac-
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tieve condities hoger is dan onder niet-reactieve condities. De stofoverdrachtsversterking

door deeltjes neemt af met toenemende mengintensiteit omdat de gemiddelde verblijf-

tijd van de deeltjes aan het GL-oppervlak afneemt met toenemende mengintensiteit. Het

stofoverdrachtsmodel is in staat de fysische en de reactieve stofoverdrachtssnelheden te

voorspellen als functie van de deeltjesdiameter, vloeistof-vast-partitiecoëfficiënt, roersnel-

heid en katalysatorconcentratie. Experimentele en theoretische stofoverdrachtsversterk-

ingsfactoren voor niet-reactieve en reactieve stofoverdracht komen goed overeen.

Het mechanisme voor de toename in de GL-stofoverdrachtssnelheid is nog immer on-

derwerp van discussie. In deze context worden vier mogelijke mechanismen voor de

GL-stofoverdrachtsversterking voorgesteld: (1) grenslaagmenging, (2) heen-en-weer be-

weging (3) coalescentieı̈nhibitie en (4) grenslaagreactie. De GL-stofoverdrachtscoëfficiënt

en de versterkingsfactor zijn geëvalueerd in de GIR (hoge mengintensiteit, 400-1500 rpm,

2-25 kW m−3
l ). Fysische versterking (mechanismen 1, 2 en 3) en reactieversterking (mecha-

nisme 4) zijn gescheiden onderzocht door dynamische gasabsorptieëxperimenten zonder

reactie en pseudostationaire gasabsorptieëxperimenten met reactie. Er is aangetoond dat

mechanisme 1 voornamelijk bij lage mengintensiteiten optreedt, terwijl de bijdrage van

mechanisme 2 niet significant is. Koolstof- en silicadeeltjes en electroliet (natriumglu-

conaat, produkt van de glucoseöxidatiereactie) verhogen afzonderlijk de volumetrische

GL-stofoverdrachtscoëfficiënt, wat toegeschreven wordt aan mechanisme 3. Vooral een

combinatie van deeltjes en electroliet verhoogt de GL-stofoverdracht sterk. Mechanisme 3

geldt ook bij hoge mengintensiteiten. Mechanisme 4 versterkt de invloed van mechanisme

1, 2 en 3. In waterige glucoseslurrie worden fysische versterking (mechanismen 1 en 3)

en reactieversterking (mechanisme 4) waargenomen. In organische AMS-cumeenslurrie

beı̈nvloedt de lyofobiciteit alleen reactieversterking.

Voor de Pd-gekatalyseerde glucoseöxidatiereactie bij stofoverdrachtsgelimiteerde om-

standigheden is de experimentele reactiesnelheid voor lyofobe 3% Pd/C-katalysator in

de GIR hoger dan voor 3% Pd/Silica-katalysator. Dit wordt toegeschreven aan een hogere

PBA van de Pd/C-katalysator. De oppervlakteconcentratie van katalysator wordt gekwan-

tificeerd door een PBA-parameter in een PBA-isotherm. Het GLS-model kan niet de to-

tale reactiesnelheid beschrijven. Een additioneel GS-model met een gas-naar-vast stof-

overdrachtscoëfficiënt is gepresenteerd om de toegenomen reactiesnelheid door aan het

GL-oppervlak geädheerde katalysatordeeltjes te beschrijven. De experimenten zijn uit-

gevoerd bij variërende mengintensiteiten, zuurstofpartiaaldrukken en katalysatorconcen-

traties. De PBA-evenwichtsconstante en de gas-naar-vaststofoverdrachtscoëfficiënt tij-

dens reactie zijn geschat als functie van de mengintensiteit. Er is aangetoond dat het

gecombineerde GLS-GS-model de experimenten adequaat beschrijft.

In slurriebellenkolommen (0-0.4 m/s, 0-6 kW m−3
l ) wordt voorgesteld om de veran-

deringen in de coherente standaarddeviatie van de gemeten druktijdseries met gassnel-

heid te gebruiken als uniek en ondubbelzinnig criterium voor het aangeven van stro-

mingsregiemtransities. In een tweedimensionale slurriebellenkolom wordt de gassnel-



Samenvatting 9

heid waar de eerste grote bellen met een gemiddelde diameter van 1.5 cm en een voor-

komensfrequentie van een bel per seconde gedetecteerd worden, aangeduid als het eerste

regiemtransitiepunt (transitie van het homogene regiem naar het transitieregiem). Op dit

punt neemt de coherente standaarddeviatie van de gemeten drukfluctuaties duidelijk toe

vanaf nul. De gassnelheid waar de gemiddelde diameter en voorkomensfrequentie van

grote bellen constant wordt, wordt aangeduid als het tweede regiemtransitiepunt (transi-

tie van het transitieregiem naar het heterogene regiem). Vanaf dit punt en verder neemt

de helling van de coherente standaarddeviatie van de gemeten drukfluctuaties duidelijk

af met de gassnelheid. De gemiddelde frequentie van de druktijdseries kan worden ge-

bruikt om het tweede transitiepunt te bevestigen. Deze duidelijke veranderingen met

gassnelheid in de coherente standaarddeviatie en in de gemiddelde frequentie zijn even-

eens gedemonstreerd in een driedimensionale (3D) slurriebellenkolom.

Voor de juiste interpretatie van de in een 2D bellenkolom verkregen gasophopings-

data in relatie tot 3D systemen is een eenvoudig hydrodynamisch gasophopingsmodel

beschreven. Het gasophopingsmodel verbindt het homogene en het heterogene regiem

middels een transitiepunt. Een nieuwe correlatie voor diameter en voorkomensfrequentie

van grote bellen is voor 2D SBC’s geformuleerd. Het model bestaat uit een fitpara-meter

in het homogene regiem en een fitparameter in het heterogene regiem. De twee fitpa-

rameters voorzien in de schatting van de opwaartse vloeistofsnelheid in het homogene en

het heterogene regiem. Er is aangetoond dat het gasophopingsmodel de experimentele

gasophoping versus superficiële gassnelheid resultaten bij alle deeltjes- en electrolietcon-

centraties beschrijft. Voorts voorspelt het afgeleide 2D model nagenoeg de zelfde gasophop-

ing als voorspeld door het 3D gasophopingsmodel in het heterogene regiem. Dit laat zien

dat onder specifieke omstandigheden, 2D gasophopingsdata gebruikt kan worden in op-

schalingsstudies.

De invloed van koolstof- en silicadeeltjes, electroliet en de combinatie van electroliet en

deeltjes op regiemtransities, gasophoping en volumetrische stofoverdrachtscoëfficiënten

zijn bestudeerd in de waterige 2D SBC. Het afbeelden van GL-slurriestroming werd ge-

bruikt om informatie te verkrijgen betreffende grote-belophoping, het specifieke GL-opper-

vlak, de grote-beldiameter, de grote-belstijgsnelheid en de voorkomensfrequentie van grote

bellen. Dit stond toe om de stofoverdrachtscoëfficiënt aan de vloeistofzijde te kwantifi-

ceren uit de volumetrische stofoverdrachtscoëfficiënt en het GL-oppervlak. Het bleek dat

lyofiele silica-, lyofobe silica- en lyofobe koolstofdeeltjes bij concentraties groter dan 2 g/l

(0.4 vol%) de gasophoping verlagen en de regiemtransitiepunten verschuiven naar lagere

gassnelheden. Er is aangetoond dat de volumetrische stofoverdrachtscoëfficiënt toeneemt

met gassnelheid, toeneemt met electrolietconcentratie en afneemt met slurrieconcentratie.

De stofoverdrachtscoëfficiënt aan de vloeistofzijde neemt toe met gassnelheid, beldia-

meter en is hoger voor lyofobe deeltjes. Een nieuwe correlatie voor de stofoverdrachts-

coëfficiënt op basis van dimensieloze kentallen is voorgesteld voor het heterogene regiem.

De invloed van katalysatordeeltjeslyofobiciteit op stofoverdracht en hydrogeneringsre-



10 Samenvatting

actiesnelheid is onderzocht in de GIR en in de 2D SBC. Het bleek dat de invloed van

deeltjeslyofobiciteit op de gasophoping, de stofoverdracht en de reactiesnelheid verwaar-

loosbaar is in organische vloeistoffen. De totale stofoverdrachtssnelheid is gemodelleerd

door het GLS-model. Het model beschrijft de stofoverdracht en de reactiesnelheid bij

variërende katalysatorconcentraties en mengintensiteiten in de GIR en de SBC. De volu-

metrische GL-stofoverdrachtscoëfficiënt is gefit voor beide katalysatoren in de GIR en de

SBC. De resultaten zijn vergeleken met relevante literatuurcorrelaties. Het fenomeen van

deeltje-aan-bel adhesie is significant maar vergelijkbaar voor beide katalysatoren in or-

ganische vloeistoffen.

Samenvattend geven de resultaten gepresenteerd in dit proefschrift grond voor het be-

grijpen van de relaties tussen de katalysatordeeltjeseigenschappen en de vloeistofeigen-

schappen betreffende de hydrodynamica en het stofoverdrachtsgedrag van slurriereac-

toren. In het algemeen geldt dat als het adhesievermogen van de katalysatordeeltjes

aan het GL-oppervlak wordt verbeterd door het modificeren van oppervlakeigenschap-

pen van de deeltjes, de katalysatordeeltjes worden blootgesteld aan een hogere concen-

tratie van opgelost gas en als gevolg kunnen hogere reactiesnelheden worden verkregen.

Dit zal de katalysatorefficiëncy doen toenemen en dientengevolge leiden tot opmerkelijke

vermindering van de hoeveelheid dure edelmetaalbevattende katalysatoren in slurriereac-

toren. Omgekeerd, als een hoge gasconcentratie ongewenst is vanwege selectiviteitsrede-

nen of katalysatorvergiftiging zal een niet-adherende katalysatordrager worden verkozen.
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Introduction

1.1 Background

The catalytic slurry bubble column (SBC) has been proven to be a very effective reactor

and is widely used in the chemical industries. Since bubble columns offer several ad-

vantages in comparison to other kinds of multiphase reactors, see Nigam and Schumpe

(1996), they are increasingly used in industrial practice (as absorbers, fermenters, strip-

pers, coal liquifiers, and chemical reactors for gas-liquid and gas-liquid-solid reactions).

Several types of processes of major importance in industry take place in bubble columns,

see Shah et al. (1982), Deckwer (1992), and Dudukovic et al. (2002).

Bubble column reactors are particularly suited for slow reactions taking place in the

liquid phase. The main resistance to mass transfer is normally located in the liquid phase.

The gas-liquid contact achieved is reflected by the parameter, β = εl/δlal, which is the

ratio of the liquid phase volume to the volume of the ”film” diffusion layer. High values

of β = 1000− 10000 are found with bubble column reactors, which is suitable for reactions

demanding high ”bulk” liquid volume. Because of the high degree of mixing, there is no

need of additional internal mixing devices. In some cases, continuous and efficient tem-

perature control is easily achieved by means of internal heat exchangers, both for cooling

or heating the system. Furthermore, bubble column reactors may be used when the fluids

carry solid impurities, that would plug packed columns. The frequent absence of internal

components, high liquid hold-up, and excellent heat transfer, and the simplicity of con-

struction are important advantages in these devices, which can assume considerable size:

100 to 200 m3 for chemical applications, all the way up to 3000 m3 for fermentation and

20000 m3 for the treatment of certain effluents.

The important position of slurry bubble column reactors is reflected in the enormous

amount of research papers appeared in the last two decades, as illustrated in Table 1.1.

Some literature partly introduces the subject of this thesis.

Catalyst particles dispersed in a liquid in slurry reactors are not necessarily distributed

in a homogeneous fashion. In case of strong repulsive interactions between the liquid and

the catalyst, catalyst particles tend to segregate in much the same way as liquid-liquid

segregation may occur for non-ideal liquids. In slurry processes, segregation of catalysts

(Melis et al., 1999, references therein) from the liquid phase may take the form of ”Cata-
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Table 1.1: List of the key literature on mass transfer and hydrodynamics of slurry bubble columns
with and without reaction. Some literature is related to the research on particle-to-bubble adhesion
(1982-2005).

Subject References

Books Fan (1989); Deckwer (1992); Wild and Poncin (1996); Nigam
and Schumpe (1996)

Review Papers Shah et al. (1982); Beenackers and van Swaaij (1993); Deckwer
and Schumpe (1993); Krishna and Sie (1994); Saxena (1995);
Koide (1996); Dudukovic et al. (1999); Luo et al. (1999); Joshi
et al. (1998); Krishna and Sie (2000); Joshi (2001); Jordon and
Schumpe (2001); Boyer et al. (2002); Behkish et al. (2002);
Dudukovic et al. (2002); Wild et al. (2003); Lemoine et al. (2004);
Jakobsen et al. (2005)

PhD Thesis Vinke (1992); de Swart (1996); van der Zon (2000); Urseanu
(2000); Kluytmans et al. (2003)

lyst Particle Agglomeration”, see Figure 1.1a; whereas in gas-liquid-solid processes, it may

also become apparent through attachment of catalyst particles to gas bubbles (Vinke et al.,

1993). This attachment is termed as ”Particle-to-Bubble Adhesion” (PBA), see Figure 1.1b.

The science and technology underlying the relationship between catalyst physical prop-

erties and the performance and operation behaviour of bubble columns is still immature.

This has also appeared at the several, recently held, Gas-Liquid and Gas-Liquid-Solid Re-

actor Engineering conferences (GLS-6, Vancouver, August 2003, GLS-5, Melbourne, Au-

gust 2001, and GLS-4, Delft, August 1999).

Most important, amongst the various phenomena of importance to the performance

of a slurry bubble column, and not considered in detail so far, is agglomeration and ad-

hesion. They are a result of the same parameter: lyophobicity of the catalyst particle, but

have an opposite effect on the mass transfer rate. For a mass transfer limited reaction, PBA

can increase the reaction rate, while agglomeration results in an increased effective parti-

cle diameter, up to a factor of 10-30, with obvious consequences for the particle utilization

efficiency, resulting in a lower mass transfer rate and decrease in reaction rate. Deliber-

ate agglomeration of particles (catalyst filterability) and flotation (PBA) is practised in the

pharmaceutical, food, and fertilizer industry, and forms the basis for separation of catalyst

particles.

The PBA is determined by a plethora of parameters, e.g., gas properties (composition,

density), liquid properties (surface tension, viscosity, density), particle properties (diame-

ter, lyophobicity, surface roughness, partition coefficient, i.e., adsorption capacity of a dis-

solved gas between liquid and solid), process parameters (mixing intensity, catalyst con-

centration, gas velocity), and gas-liquid-solid interaction coefficients, like the three-phase

contact angle and the gas-liquid-solid Hamaker constant (Hiemenz, 1986). Understanding

all these phenomena is of utmost importance for a proper design of catalytic slurry bubble



Background 13

columns, in terms of reactant conversion and product selectivity, where the equipment

size is largely determined by mass transfer, and the selectivity of the reaction is strongly

dependent on mixing and residence time. Phenomena as agglomeration and adhesion are

not very well understood and the approach taken so far is largely empirical in nature.

(a) Agglomeration of catalyst particles (b) Adhesion of catalyst particles

Figure 1.1: The snapshots of catalyst particle agglomeration and particle-to-bubble adhesion
recorded with a high speed video camera in a bubble pick-up unit cell at University of Amster-
dam.

The most important research carried out in the past in relation to the subject of this the-

sis is summarized in Table 1.2. The effect of particle-to-bubble adhesion on mass transfer

has been theoretically analyzed and mass transfer enhancement was demonstrated exper-

imentally. The enhanced absorption of gases in slurries of fine particles was studied with

an instationary absorption penetration model taking into account the finite absorption ca-

pacity of the particles.

A research program was formulated in order to investigate and improve the perfor-

mance of slurry reactors with respect to the following issues: physical chemistry and col-

loidal behavior of a gas-liquid-solid system in relation to agglomeration and adhesion of

particles to the gas-liquid interface, mass transfer and hydrodynamics in slurry bubble

column in the presence of chemical reaction, and finally the influence of scale (column

diameter) and pressure (up to 15 bar) on mass transfer and hydrodynamics. The details

on this research program is described in the next section.
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1 Table 1.2: A selection of most important research in relation to the adhesion of catalyst particles to gas bubbles in slurry reactors.

Reference Gas Liquid Solid Reaction Reactor MTEa Modelb Mechanismc

Sharma and
Mashelkar (1968)

CO2 Na2CO3/
NaHCO3

Arsenite Absorption SBC - - -

Lee and Tsao (1972) O2 Glucose Pt/C Oxidation SAR + - 4
Joosten et al. (1977) He, N2 Kerosene glass beads, PP,

sugar
Absorption GIR - - -

Sada et al. (1977) CO2, SO2 water Ca(OH)2 Absorption GIR + + -
Alper et al. (1980) O2, CO2 Glucose,

Na2CO3/NaHCO3

Pt/C, carbonic
anhydrase

Oxidation SAR + - 2

Alper and Öztürk
(1986)

O2 Na2S carbon/ silica Absorption SAR +/- - 2

Wimmers and For-
tuin (1988)

H2 15% HAP Pd/C,
Pd/Al2O3

Hydrogenation GIR + + -

Holstvoogd (1987) O2, CO2, C3H8 water carbon Absorption GIR + + 2
Schumpe et al.
(1987)

O2 water, 0.8 M
Na2SO4

kieselguhr,
Al2O3, carbon

Absorption SBC +/- - 1

Lindner et al.
(1988)

H2, O2, air NH4NO3/ H3PO4

buffer
Pd/Carbon Hydrogenation GIR/SBC + - 1, 4

Vinke et al. (1993) H2 water, electrolyte Pd/C,
Pd/Al2O3

Hydrogenation Flotation + + 1

Tinge and Drinken-
burg (1995)

C3H8, C2H4, H2 water carbon Absorption SAR + + -

Demmink et al.
(1998)

CH≡CH water, HEDTA, Sulfur, carbon Precipitation SAR + + -

van der Zon et al.
(1999)

H2 methyl acrylate,
fructose

Pd/C,
Pd/Al2O3

Hydrogenation GIR + + -

Kluytmans et al.
(2003)

O2 water carbon Absorption GIR,
SBC

+ - 1, 3

a Mass transfer enhancement (MTE) (- means none, + means enhancement).
b Mass transfer model (- means none, + means model present).
c MTE mechanisms (1: boundary layer mixing, 2: shuttling, 3: coalescence inhibition, and 4: boundary layer reaction).
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1.2 Goal of the research program

The research program is sponsored by the Dutch Technology Foundation (STW Project

EPC. 5239), in co-operation with two academic partners: University of Amsterdam (UvA)

and Delft University of Technology (TUD) and seven industrial partners: Akzo Nobel,

DSM Research B.V., Engelhard, Norit, Promeks ASA, Sasol Technology Netherlands, and

Shell Global Solutions.

The goal of the research program is to increase the fundamental knowledge on the

behavior of particle agglomeration and particle-to-bubble adhesion in relationship to the

physical properties of the catalyst particles, such as catalyst particle size, catalyst lyopho-

bicity, catalyst activity, and catalyst concentration in slurry bubble columns. These inves-

tigations must be combined with the hydrodynamics of bubble column i.e., gas hold-up,

bubble size distribution, flow regimes and regime transitions, and gas-liquid mass trans-

fer, under industrially relevant conditions. It is expected during the reaction process, that

the properties of the catalyst particles might be continuously changing, by adsorption of

reactants, because of the gas being oxidative or reductive, as a function of pH and other

operating conditions. Therefore, the research program also aims to study the phenomena

of agglomeration and adhesion at reaction conditions. In view of industrial relevance, the

analysis will include both high and low pressure regimes and scale-effects. The ultimate

goal is the exploitation of the acquired knowledge to give proper rules for the design of

catalytic slurry bubble columns as well as for the design of the catalytic materials. The

rules for intentionally anchored surface-active groups to modify the adhesion properties

of the catalyst surface must be resolved. This will lead to cost savings for the industrial

partners due to a more efficient design of the reactor, and a more efficient design of the

catalyst. In order to cover such a broad scope of the research objectives, the research pro-

gram is divided in three PhD projects distributed in three Dutch universities:

University of Amsterdam: PhD student, F. Omota (2001-2004), has focussed on the

physical chemistry and colloidal behavior of gas-liquid-solid systems in relation to cata-

lyst agglomeration and adhesion of the catalyst to the gas-liquid interface.

Eindhoven University of Technology: Author of this thesis (2001-2004) has investi-

gated the influence of catalyst particles on mass transfer, reaction rate, flow regime tran-

sitions, and gas hold-up, in both stirred tank and bubble column slurry reactors at atmo-

spheric pressure, and finally,

Eindhoven and Delft University of Technology: PhD student, V.P. Chilekar (2003-

2006), is investigating the influence of column size (column diameters of 0.11, 0.19, 0.29,

and 0.63 m) and pressure (up to 15 bar in column diameter of 0.15 m) on hydrodynamics

and mass transfer in aqueous and organic slurries.
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1.3 Scope and outline of this thesis

The research reported in this thesis is restricted to gas-liquid-solid slurry reactor systems

in which the solid catalyst particles are suspended in the liquid and bubbles are in the dis-

persed phase. In this thesis, the research is carried out in a surface aeration stirred slurry

reactor (SAR) with a flat gas-liquid interface, in a gas inducing stirred slurry reactor (GIR),

and in a slurry bubble column (SBC). The following arguments support the motivation of

use of reactors like SAR and GIR in this research work:

• Since the hydrodynamics of a bubble column is complicated as illustrated by the

enormous amount of research done, see Tables 1.1 and 1.2; the addition of solid

particles further increases the level of complexity. On top of this, if the solid particle

is a catalyst, its influence under both physical and reactive conditions is even more

difficult to exploit.

• In the SAR, the mass transfer area is fixed and therefore variations in the volumetric

mass transfer coefficient (klal) are directly related to the mass transfer coefficient

(kl). It features mass transfer across the free gas-liquid interface of the well-stirred

liquid. In the GIR and the SBC, the interfacial area for mass transfer, is a complicated

function of reactor geometry, power input, sparging, the physical properties of the

liquid, and therefore kl cannot be easily estimated.

• In this project, in order to study the hydrodynamics and mass transfer in an organic

SBC under reactive conditions, a 2D SBC experimental set-up was designed, con-

structed, and tested.

• GIR’s are very commonly used and are the workhorses of the fine chemicals industry.

Therefore, the research goal, initially, was directed towards simple laboratory scale stirred

slurry reactors like SAR and GIR. Hence, an important part of this thesis focusses on the

investigation of mass transfer under physical and reaction conditions in reactors like the

SAR and the GIR. The shear stress in the SAR is very low (dissipated mixing intensity

range 0-2 kW m−3
l ), see Figure 1.2.

The hydrogenation of α-methyl styrene (organic liquid) and oxidation of D-glucose

(aqueous liquid), were chosen as test reactions because of the well-known kinetics, fast

reaction, and generally mass transfer limited at mild reaction conditions, while the phys-

ical characteristics of these systems are representative for industrial applications. Active

catalysts chosen are Pd supported on more lyophobic active carbon to less lyophobic silica

particles.

In this thesis, the work on slurry reactors, is predominantly focussed on three areas:

mass transfer, reaction rate, and hydrodynamics. A collection of 7 journal papers either

published or submitted, 3 journal papers in preparation, 10 conference proceedings, and

a MSc thesis has been written, summarizing these three respective topics. The thesis is a
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SAR: 200-700 rpm, V
l
 = 1 lit

GIR: 400-1500 rpm, V
l
 = 0.5 lit

SBC: 0-0.4 m/s, V
l
 = 6 litSAR GIR

SBC

0 10 20 30

P V
l
-1 (kW m

l
-3)

Figure 1.2: Estimated values of power dissipated per unit liquid volume in three different slurry
reactors; SAR is a surface aeration reactor with flat gas-liquid interface; GIR is a gas inducing reac-
tor; and SBC is a slurry bubble column reactor. The power input is related to the gas decompression
energy in bubble columns and stirring energy in stirred tanks. In stirred tanks, P = NpρlN

3
I d5

I

and in bubble columns, P = (∆Psparger + Hlρlg) × Qg. The values of the various parameters used
in these formulae can be found in Chapter 2, Chapter 3, and Chapter 7.

compilation of selected papers. Therefore, the reader may encounter a certain redundancy

in text and figures since chapters have to be read on a stand-alone basis.

In Chapter 2, the influence of particle type, carbon or silica, and electrolyte on the liq-

uid side mass transfer coefficient (kl) is investigated in a surface aeration reactor (SAR)

with a flat GL interface. The influence of particle concentration, mixing intensity and

electrolyte concentration is investigated in combination with oxidation and hydrogena-

tion reactions. A mass transfer model is presented for gas-liquid mass transfer in slurry

reactors by catalyst particles adhering to the gas-liquid interface. This model is a combina-

tion of a particle-interface-adhesion-dehesion (PIAD) model and the GLS-GS-model. The

PIAD model is a description of the equilibrium between the particle adhesion rate and

the particle dehesion rate at the gas-liquid interface. The GLS-GS-model is a combination

of the classical resistance-in-series gas-to-liquid-to-solid (GLS) mass transfer model and

the direct gas-to-solid (GS) mass transfer model. Mass transfer is studied using different

catalyst loadings, stirring rates, and also in combination with electrolyte.

In Chapter 3, the influence of particle type, carbon or silica, on the volumetric gas-

liquid mass transfer coefficient (klal) under both reactive and non-reactive conditions is

investigated in a gas inducing reactor (GIR) in the presence of gas bubbles. The shear

stress in this reactor is very high (dissipated mixing intensity range 2-30 kW m−3
l ). Mass

transfer limitations are evaluated using different catalyst loadings, stirring rates, and also

in combination with electrolyte.

In Chapter 4, the influence of particle-to-bubble-adhesion on mass transfer and glucose

oxidation reaction rate is modeled. The mass transfer from the gas phase to the adhered

catalyst particles at the GL interface is higher than the mass transfer to the catalyst par-

ticles in the bulk liquid. This enhanced mass transfer is described with a new stationary

GS-model (describing direct gas-to-solid mass transfer). The overall rate of mass trans-

fer is modeled by a combination of the classical resistances-in-series gas-to-liquid-to-solid

(GLS-model) and this new GS-model. The model is verified with experiments in the GIR in
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Chapter 2

Chapter 3

Chapter 4

Chapter 5

Chapter 6

Chapter 7

Chapter 8

Chapter 9

Conclusions and Outlook

Chapter 1

Introduction

Gas: O
2
, H

2
, N

2

Liquid : Water, Electrolyte,

Glucose, Cumene
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Carbon, Pd/Silica
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2

Liquid : Water, Electrolyte,

Glucose, Cumene

Solid : Carbon, Silica, Pd/

Carbon, Pd/Silica

Gas: O
2
, N

2

Liquid: Glucose

Solid: Pd/Carbon, Pd/Silica

Mass Transfer in a GIR

Oxidation and hydrogenation reaction

Mass Transfer in a SAR

PIAD-model and GLS-GS-model

Oxidation and hydrogenation reaction

Gas Hold-up Model

Validation in 2D SBC’s

Regime Transition in 2D and 3D SBCs

Coherent standard deviation and average
frequency of pressure time series

Mass Transfer in a 2D SBC

Hydrogenation Reaction Rate Modeling

in GIR and SBC

GLS-model

Oxidation Reaction Rate Modeling in a

GIR

GLS-GS-model
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2
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2

Liquid: Water
Solid: Carbon, Silica
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Liquid: Water, Cumene

Solid: Carbon, Silica
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Liquid: Water, Electrolyte

Solid: Carbon, Silica, modified

silica
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2
, H

2

Liquid: AMS, Cumene

Solid: Pd/Carbon, Pd/Silica

Figure 1.3: An outline of the research investigation described in this thesis where, SAR is a surface
aeration reactor with flat gas-liquid interface, GIR is a gas inducing reactor, and SBC is a slurry
bubble column.

which the physical properties of catalyst were varied: catalyst Pd content, catalyst particle

diameter, and catalyst support (carbon and silica). The new parameters, PBA equilibrium

constant and mass transfer coefficient during reaction, is fitted as a function of mixing in-

tensity.
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In Chapter 5, a detailed study of the criteria to mark flow regime transitions is de-

scribed for a 2-dimensional and a 3-dimensional slurry bubble column. The new diag-

nosis method is based on spectral analysis of pressure time series. The two parameters,

coherent standard deviation and average frequency, mark the start and end of the tran-

sition regime. The detected regimes and regime transitions from pressure time series are

also visualized using high speed digital video imaging techniques and are correlated with

respect to large bubble formation, frequency of occurrence, and diameter of large bubbles.

In Chapter 6, a gas hold-up model based on bubble rise velocity and liquid circula-

tion, is described which can predict the gas hold-up in all three regimes. The model is

based on the Wallis drift-flux model to calculate the small bubble hold-up with the bub-

ble slip velocity predicted by the Richardson-Zaki correlation. The model is applied to

the two flat slurry bubble column reactors used in this study: thickness×width×height of

0.015×0.3×2 m3 for aqueous air-water system and 0.01×0.4×2 m3 for organic hydrogen-

α-methyl styrene liquid. Flat bubble columns are chosen to enable video imaging to de-

termine bubble size distribution, bubble rise velocities, and gas-liquid interfacial area.

In Chapter 7, the influence of particle type, carbon or silica, and electrolyte on regime

transition, gas hold-up, and mass transfer coefficient is investigated in a slurry bubble col-

umn reactor. The liquid side mass transfer coefficient is calculated from the volumetric

mass transfer coefficient and the GL interfacial area from high speed video image analy-

sis. The influence of particle concentration, gas velocity, and electrolyte concentration is

investigated.

In Chapter 8, the influence of catalyst support type, Pd/Carbon and Pd/Silica catalyst,

on α-methyl styrene hydrogenation to cumene reaction rate is investigated, in both stirred

tank and bubble column slurry reactors. Furthermore, the hydrodynamic parameters like

bubble diameter, gas-liquid interfacial area are also quantified under reactive conditions.

In Chapter 9, the main conclusions of this thesis, for mass transfer in the SAR, the GIR,

and the SBC, the regime transition in the SBC, the gas hold-up model in the SBC, and the

reaction rate model for PBA in the GIR and SBC, are summarized.

Abbreviations

AMS = α-methylstyrene

GIR = gas-inducing stirred reactor

GLS = gas-liquid-solid

GS = gas-solid

PBA = particle-to-bubble adhesion

PIAD = particle-to-interface-adhesion-dehesion

SAR = surface aeration stirred slurry reactor with a flat gas-liquid interface

SBC = slurry bubble column
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Chapter 2

A model for enhanced mass transfer in

slurry reactors by catalyst particles

adhering to the gas-liquid interface

Parts of this chapter are excerpts from:

• Ruthiya, K.C., Kuster, B.F.M., Schouten, J.C., Gas-liquid mass transfer enhancement

in a surface aeration stirred slurry reactor, Can. J. Chem. Eng., 81 (3-4), 632-639, (2003).

Erratum: Can. J. Chem. Eng., 81 (6), 1256, (2003).

• Ruthiya, K.C., van der Schaaf, J., Kuster, B.F.M., Schouten, J.C., A model for en-

hanced mass transfer in slurry reactors by catalyst particles adhering to the gas-

liquid interface, Ind. Eng. Chem. Res., submitted, (2004).

Abstract

A model is presented for mass transfer in slurry reactors by catalyst particles adhering

to the gas-liquid interface. This model is a combination of a particle-interface-adhesion-

dehesion (PIAD) model and the GLS-GS-model. The PIAD model is a dynamic description

of the equilibrium between the particle adhesion and dehesion rates at the gas-liquid in-

terface. These rates determine the average residence time of the particles at the gas-liquid

interface. The GLS-GS-model is a combination of the classical, resistances-in-series, gas-

to-liquid-to-solid (GLS) mass transfer model and a direct gas-to-solid (GS) mass transfer

model. The average particle residence time at the GL interface, the solid-liquid partition

coefficient, and the reaction rate determine the mass transfer rate by shuttling of the par-

ticles between the gas-liquid interface and the bulk liquid. The model parameters are

determined from mass transfer and reactivity experiments, performed with two different

slurry systems and two Pd-catalyzed reactions, i.e., oxidation of glucose (aqueous liquid)

and hydrogenation of α-methylstyrene (organic liquid), with carbon catalyst and silica

catalyst in a lab-scale surface-aeration stirred-slurry reactor with known flat gas-liquid in-

terfacial area. The influence of electrolyte and the combination of particles and electrolyte

on mass transfer is also investigated. The mass transfer increases with mixing intensity.

The mass transfer coefficient under reactive absorption conditions is higher than under

non-reactive absorption conditions (physical). Experimental and theoretical mass transfer

enhancement factors under physical and reactive absorption conditions agree well. The
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GS mass transfer coefficient increases with mixing intensity but GLS mass transfer coef-

ficient increases more, this decreases the mass transfer enhancement factor with mixing

intensity. The mass transfer model is able to predict physical and reactive mass transfer

rates as a function of stirring speed and catalyst concentration.

Keywords: Mass transfer, slurry reactor, catalyst support, lyophobicity, chemical reac-

tion, gas-liquid interface, glucose oxidation, α-methyl styrene hydrogenation, modeling.

2.1 Introduction

Gas-to-liquid mass transfer is a key parameter that determines the performance of slurry

reactors for, e.g., liquid phase methanol synthesis, Fischer-Tropsch synthesis, and biologi-

cal waste water treatment. Sharma and Mashelkar (1968) first qualitatively demonstrated

the increase of the gas absorbtion rate by small gas-adsorbing particles in a bubble column,

which was later confirmed by Alper et al. (1980) and Holstvoogd et al. (1988) and many

other researchers (Lindner et al., 1988; Wimmers and Fortuin, 1988; Vinke et al., 1991, 1993;

Tinge and Drinkenburg, 1995; van der Zon et al., 1999; Dagaonkar et al., 2002). A review

on this subject has been given by Beenackers and van Swaaij (1993).

An important aspect of gas-liquid mass transfer enhancement is the adhesion of parti-

cles to the gas-liquid interface which is schematically shown in Figure 2.1. This adhesion is

determined by a plethora of parameters, e.g., liquid properties (surface tension, viscosity,

density), particle properties (diameter, lyophobicity, surface roughness, partition coeffi-

cient, i.e., adsorption capacity between liquid and solid), process parameters (mixing in-

tensity, catalyst concentration, gas velocity), and gas-liquid-solid interaction coefficients,

like the three-phase contact angle and the gas-liquid-solid Hamaker constant (Hiemenz,

1986).

Many heterogeneously catalyzed gas-liquid reactions operate under mass transfer lim-

ited conditions, i.e., the gas-liquid mass transfer is the rate determining step. A better

understanding of gas-liquid mass transfer is thus relevant for an optimal reactor design.

Various pioneering models were developed to explain mass transfer phenomena (Hol-

stvoogd et al., 1988; Vinke et al., 1993; van der Zon et al., 1999; Demmink et al., 1998;

Mehra, 1988). Alper et al. (1980), Holstvoogd et al. (1988), and Demmink et al. (1998) con-

cluded that the classical two-film theory mass transfer model and the penetration theory

mass transfer model cannot describe these enhancement phenomena properly; the mass

transfer process should be modeled dynamically through a particle shuttling mechanism.

In this mechanism, the particles move from the bulk liquid to the gas-liquid interface, ad-

sorb gas, return to the bulk liquid, and subsequently the adsorbed gas is desorbed in the

bulk liquid. This mechanism has been modeled by Mehra (1988), Nagy (1995), and Bril-

man et al. (2000). However, these models do not consider particle-to-interface adhesion.

In this chapter, the effect of particle-to-interface adhesion on mass transfer and reaction
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rate is demonstrated experimentally and by model simulations.

A new model is presented that describes the overall mass transfer process in gas-

liquid-solid slurry systems. This model combines two physical models. First, the particle-

to-interface-adhesion-dehesion (PIAD) model describes the adhesion and the dehesion

of particles to and from the gas-liquid interface similar to the Langmuir-Hinshelwood

isotherm for adsorption and desorption of reactant and product species in heterogeneous

catalytic processes. Second, the overall mass transfer is described as a combination of the

classical, resistances-in-series, gas-to-liquid-to-solid (GLS) mass transfer model and a di-

rect gas-to-solid (GS) mass transfer model. The resulting new overall mass transfer model,

the combination of the PIAD-model and the GLS-GS-model, incorporates the physical

properties of the particles, the liquid phase, and the gas phase. The effect of particle diam-

eter, liquid-solid partition coefficient, and kinetic reaction rate constant on mass transfer

enhancement can be predicted. Two additional parameters are incorporated: the particle

adhesion and particle dehesion rate constants. These parameters determine the degree

of coverage of the GL interface by particles and the residence time of particles at the GL

interface. The coverage and the residence time are parameters in the GLS-GS-model.

The results from the model simulations are compared to experimental results deter-

mined from dynamic gas absorption experiments in a Surface Aeration stirred slurry Re-

actor with a flat gas-liquid interface (SAR). In these experiments, the mass transfer co-

efficient is measured as a function of the following parameters: mixing intensity (200-

700 rpm), catalyst concentration (0-4 kg/m3), particle wettability (lyophobic carbon and

lyophilic silica), type of liquid (aqueous and organic), electrolyte concentration in aqueous

liquid (0-0.4 M), and in the presence of a heterogeneously catalyzed chemical reaction. The

investigated reactive systems are the oxidation of glucose (aqueous liquid) and the hydro-

genation of α-methylstyrene (organic liquid). The reactions are carried out under mass

transfer limited conditions since the mass transfer enhancement by the catalyst particles

is best observed at these conditions.

The new mass transfer model is able to predict the physical and reactive mass transfer

rates as a function of particle diameter, liquid-solid partition coefficient, stirring speed,

and catalyst concentration. In addition to predicting the mass transfer coefficient for a

surface aeration reactor (this work), the model can also be used to predict the mass transfer

coefficients for stirred tank reactors and slurry bubble columns.

2.2 Mass transfer model

Several theoretical models have been developed in the literature that describe the en-

hanced absorption of gas in liquid with suspended solids for systems with solids as a

reactant (Sada et al., 1986) and systems with solids as a catalyst (Alper et al., 1980; Wim-

mers and Fortuin, 1988; Vinke et al., 1993). These models usually consider stationary trans-
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Figure 2.1: Schematic representation of an adhering solid particle at the GL interface phase in
slurry reactors. The spherical particle is considered as a slab shape geometry with the same surface
area and volume for simplification in the mass transfer model. The particles at the interface and in
the bulk liquid are linked via the particle-interface-adhesion-dehesion (PIAD) model.

port of gas through the diffusion film that contains particles that are smaller than the film

thickness. In case of a system with a gas-liquid-solid catalyst with a limited adsorption

or reaction capacity, these stationary models cannot be applied. This is because after a

certain contact time the particles near the interface will become saturated. Higbie (1935)

emphasized that in many situations, the time of exposure of a fluid to mass transfer is

short so that the steady-state concentration gradient of the film theory would not have

time to develop. Therefore, only unsteady-state models can be used to estimate the mass

transfer coefficient.

The new mass transfer model consists of two sub-models: the particle-to-interface-

adhesion-dehesion (PIAD) model and the GLS-GS-model. The PIAD model describes

the rates of transfer of particles from the bulk liquid to the gas-liquid interface and vice

versa. The GLS-GS-model incorporates two parallel mass transfer models: the GLS-model

and the GS-model. The GLS-model is the classical, resistances-in-series model, which de-

scribes mass transfer from the gas-liquid interface to the ideally mixed bulk liquid, then

from the bulk liquid to the catalyst particle, followed by diffusion to the catalytic site inside

the particle (Beenackers and van Swaaij, 1993). The GS-model describes direct mass trans-

fer from the gas-liquid interface to the catalyst surface at the gas-liquid interface through
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a thin liquid film. These models are discussed successively.

2.2.1 Particle-interface-adhesion-dehesion (PIAD) model

The equilibrium between the transport and adhesion of catalyst particles in the bulk liq-

uid to free positions ∗i at the gas-liquid interface and the dehesion and transport of the

particles from the gas-liquid interface to the bulk is modeled as:

Ccat,b + ∗i

kadh

À
kdeh

Ccat,i (2.1)

The rate equations for the adhesion and the dehesion of catalyst particles to and from the

gas-liquid interface are:

d(VlCcat,b)

dt
= kdehVlalCcat,i − kadhCcat,bVl(ξmax − ξ) (2.2)

d(VlalCcat,i)

dt
= −kdehVlalCcat,i + kadhCcat,bVl(ξmax − ξ) (2.3)

where the concentration of catalyst particles at the gas-liquid interface is Ccat,i = ξ
ρpVp

Ap

in

kgc m−2
gl . The adhesion rate is first order in the bulk liquid particle concentration and the

degree of uncovered gas-liquid interface. The dehesion rate is first order in the degree of

gas-liquid interface coverage only. At equilibrium, the rate of transport of particles to the

gas-liquid interface and the rate of return of adhering catalyst particles into the bulk liquid

are equal. In that case, the equilibrium parameter determines the degree of coverage by

the gas-liquid interface:

KEQ =
kadh

kdeh

=
alCcat,iVl

Ccat,bVl(ξmax − ξ)
=

alCcat,i

(Ccat − alCcat,i)(ξmax − ξ)

=
ξ

(CcatAp

ρpVpal
− ξ)(ξmax − ξ)

(2.4)

The value of ξmax is 0.91 (-), which is the maximum bubble surface coverage by spherical

particles (two-dimensional closest packing). The mass transfer from the gas phase to the

catalyst particle is determined by the residence time of the catalyst particle at the gas-

liquid interface. The average residence times of catalyst particles at the gas-liquid interface

(τi) and in the bulk liquid (τb) are, respectively:

τi =
alVlCcat,i

kdehalVlCcat,i

=
1

kdeh

(2.5)

τb =
VlCcat,b

kadhVlCcat,b(ξmax − ξ)
=

1

kadh(ξmax − ξ)
=

τi

KEQ(ξmax − ξ)
(2.6)

With τi and τb known, the overall mass transfer coefficient by the shuttling of a single

particle can be calculated by solving the molar balance over a single particle, as discussed
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below. This overall mass transfer coefficient is then used to calculate the overall mass

transfer rate by all the particles which are shuttling.

2.2.2 GLS-GS-model

The mass transfer process is described by a combination of the GLS-model and the GS-

model. The GLS-model describes the mass transfer from the gas bubble to the ideally-

mixed bulk liquid, from the bulk liquid to the catalyst particle, and diffusion to the cat-

alytic site inside the particle. The GS-model describes direct mass transfer from the gas-

liquid interface to the adhering catalyst surface through a thin liquid film. Figure 2.1 gives

a schematic representation of the GS-model. The mass transfer resistance in the gas phase

is neglected. The degree of coverage of the particles at the gas-liquid interface and the

average residence times of the catalyst particles at the gas-liquid interface and in the bulk

liquid are incorporated in this GLS-GS-model.

Determination of stationary gas-solid mass transfer coefficient

A one-dimensional slab model is used for describing the concentration profile of dissolved

gas in the catalyst particle, see Figure 2.1. The average distance of a spherical catalyst

particle to the gas-liquid interface is δGS
l = dp/4 (see nomenclature). The volume of a

spherical particle is the same as the volume of a cylindrical slab from which the width of

the slab is determined as dp/3. The surface area of a spherical particle is the same as the

surface area of a cylindrical slab, from which the length of the slab is determined as
√

2dp.

The front and the back areas are 1
2
(πd2

p) each, which makes the total area equal to the area

of the spherical particle. The conversion of the spherical geometry to the slab geometry is

presented in Figure 2.1. In Appendix A, a detailed derivation of the governing equations

of the slab model is given. The resulting mole balance for a single particle with the slab

geometry is:

Vp

∂CA,p

∂t
= Vp

DA,eff

mA

∂2CA,p

∂x2
−RAVp

accumulation of moles
of A in the particle

diffusive transport
of gas in the particle

reaction rate
in the particle

(2.7)

Two situations with different boundary conditions are defined: situation S1 represents the

catalyst particle adhering to the gas-liquid interface, and situation S2 represents the cata-

lyst particle in the bulk liquid.

For situation S1, the following boundary conditions hold:

CA,p = 0 at t = 0,∀x (2.8)

DA,eff

mA

dCA,p

dx
=

DA,l

δGS
l

(CA,i −
CA,p

mA
) at x = 0 (2.9)

DA,eff

mA

dCA,p

dx
= kA,s(CA,l −

CA,p

mA
) at x = dp/3,∀t (2.10)
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The liquid-solid mass transfer coefficient, kA,s, for the particles present at the gas-liquid

interface is estimated from the penetration theory i.e., kA,s =
√

4DA,m

πt
, where t is the simu-

lation time.

For situation S2, the boundary conditions are:

CA,p = 0 at t = 0,∀x (2.11)

DA,eff

mA

dCA,p

dx
= −kA,s(CA,l −

CA,p

mA
) at x = 0 ∧ x = dp/3,∀t. (2.12)

At t = τi, the particle deheres from the gas-liquid interface and moves towards the bulk

liquid (situation S2). At t = τb, the particle leaves the bulk liquid and adheres to the gas-

liquid interface (situation S1), see Figure 2.1.

The mole balance for a single particle, Equation 2.7, should be solved simultaneously

with the gas phase and liquid phase mole balances (Equations 2.15 and 2.17). However,

the residence time of the particles at the gas-liquid interface (approximately 0.001-1 s) is

expected to be much smaller than the characteristic time for gas-absorption in the bulk

liquid (100-1000 s). Thus, the average mass transfer rate by a single particle can be solved

with pseudo-constant gas-phase and liquid-phase concentrations. The following strategy

is employed. At given pA and CA,l, for t = 0 to t = τi, the total number of moles A

transferred from the gas phase to the particle at the interface is calculated as a function of

time by solving Equation 2.7. If the number of particles at the interface is large and the

residence time of all particles is τi, the residence time of all particles at the interface at time

t will be uniformly distributed in the interval [0, τi], assuming that a particle can arrive

at the gas-liquid interface at any time t. In other words, the fraction of particles with a

residence time of 0 is equal to the fraction of particles with a residence time of τi, which

is equal to the fraction of particles with any residence time τ ∈ [0, τi]. Thus, the mass

transfer by all particles adhering to the gas-liquid interface is equal to the time averaged

mass transfer for a single particle at specified pA and CA,l:

kGS
A,l =

τi
∫

0

DA,l

δGS
l

(

CA,i − CA,p|x=0

mA

)

dt

τi(CA,i − CA,l)
(2.13)

where δGS
l is the average distance of a spherical particle touching the gas bubble inter-

face. The gas-liquid mass transfer coefficient is predicted by the penetration theory for a

package of liquid with an interface residence time τi, i.e.,

kGLS
A,l =

√

4DA,l/(πτi) (2.14)

At t = 0, the particle concentration profile of component A is determined by the residence

time of particles in the bulk, CA,p|t=0 = CA,p|t=τb
. In turn, the particle concentration profile

of component A in the bulk is determined by the residence time of particles at the gas-
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liquid interface, CA,p|t=0 = CA,p|t=τi
. Thus, the pseudo-steady-state mass transfer needs

to be calculated with an iterative procedure, which solves Equation 2.7 alternatingly for

situations S1 and S2. The concentration profile calculated for situation S1 after time τi is

used as initial value for situation S2. Vice versa, the concentration profile calculated for

situation S2 after time τb is used as initial value for situation S1. If the relative change in

the concentration of dissolved gas in the particle between situations S1 and S2, is less than

10−3, the iteration is stopped. For the situations considered in this chapter, the residence

time of the particles in the bulk liquid suffices to reach the equilibrium saturated bulk

liquid phase concentration.

Determination of overall gas-liquid mass transfer coefficient

The mole balance for the gas phase in the reactor is:

Vg

RT

dpA

dt
= −kGLS

A,l (1 − ξ)alVl(CA,i − CA,l) −kGS
A,lξalVl (CA,i − CA,l)

accumulation of moles
in gas phase

mass transfer through
particle-free interface (GLS-model)

mass transfer through
particle covered interface (GS-model)

(2.15)

where ξ is the degree of coverage, (1 − ξ)al = aGLS
l is the uncovered gas-liquid interfacial

area, ξal = aGS
l is the covered gas-liquid interfacial area, and δGS

l is the average distance

of the adhering particles to the gas-liquid interface. Introducing the overall gas-liquid

mass transfer coefficient, koverall
A,l = ξkGS

A,l + (1− ξ)kGLS
A,l , in Equation 2.15, the mole balance of

component A in the gas phase becomes:

Vg

RT

dpA

dt
= −koverall

A,l alVl (CA,i − CA,l) (2.16)

The mole balance of component A in the liquid phase in the reactor is:

Vl
dCA,l

dt
= koverall

A,l alVl (CA,i − CA,l) − kA,sasVl

(

CA,l −
Csurf

A,p

mA

)

− RA,iVl (2.17)

where as =
6Ccat,b

dpρp
and Csurf

A,p = CA,p|x=0
x=dp/3

. It is assumed that in the case of a sufficiently fast

reaction, the moles of gas that have diffused into the particles at the gas-liquid interface,

do not diffuse back into the bulk liquid, i.e., RA,i = kGS
A,lξal (CA,i − CA,l).

The mole balance of component A in the solid phase in the reactor is:

Vp

dCsurf
A,p

dt
= kA,sasVl

(

CA,l −
Csurf

A,p

mA

)

− RA,bulkVl (2.18)

The bulk reaction rate can be written as a function of the concentration of A at the particle

surface by using the particle efficiency η determined by the Thiele modulus (Ruthiya et al.,

2003b). For a first order reaction, the reaction rate is given as RA,bulk = ηkr,iLtCcat,bC
surf
A,p .
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The mass transfer enhancement, E, can now be calculated as:

E(ξ) =
koverall

A,l

kGLS
A,l

= (1 − ξ) + ξ
kGS

A,l

kGLS
A,l

(2.19)

For physical absorption, kGS
A,l in the absence of reaction and the physical enhancement fac-

tor, Ep, are calculated. For reactive absorption, kGS
A,l in the presence of reaction and the

reaction enhancement factor, Er, are calculated.

2.3 Experimental

2.3.1 Experimental set-up

The dynamic gas absorption experiments with and without reaction are performed in

three Surface Aeration stirred slurry Reactors (SAR), Figures 2.2a, 2.2c and 2.3a. The sur-

face aeration reactor is a double-walled glass reactor equipped with four symmetrically

placed, equal sized baffles, and a four-bladed impeller. The specific gas-liquid interfacial

area is defined as the ratio of the area of the flat gas-liquid interface to the liquid volume.

Information on the experimental conditions, experiments done, and the reactors used can

be found in Table 2.1.

2.3.2 Gas-liquid-solid properties

For the physical absorption experiments, pure oxygen, pure nitrogen, or pure hydrogen

gas is used at atmospheric pressure. Thereby, the gas phase resistance for mass transfer

does not exist. For t → ∞, the pressure given by Equation 2.24 equals the equilibrium

pressure pA,eq. Rearranging Equation 2.24 results in Equation 2.20 for the Henry coeffi-

cient, H :

H =
pA,eq

CA,i(t = ∞)
=

VlRT

Vg

1
(

pA,0

pA,eq
− 1

) (2.20)

The calculated experimental values of the Henry coefficient are within 3% of the values

predicted by the literature correlations given in Table 2.1.

Experiments were carried out with demineralized water, electrolyte, carbon and silica

particles and with a combination of particles and electrolyte, and with a reagent grade

α-methylstyrene-cumene mixture. Sodium gluconate (NaC6H11O7) is used as electrolyte.

The surface tension of the liquid is measured with a digital Tensiometer K10T. The viscos-

ity of the liquid is measured with a Rheometer AR 1000 N.

The measured physical properties of the carbon and the silica particles and of the Pd-

supported catalysts are summarized in Tables 2.2 and 2.3. The degree of lyophobicity of

the carbon and the silica supported catalysts is characterized by measurements and corre-

sponding calculations of Fourier transform-infrared spectra (Vinke et al., 1994), the heat of
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(c) AMS hydrogenation reaction (d) Photo of hydrogenation set-up

Figure 2.2: Schematic diagram of Surface Aeration stirred slurry reactor (SAR) with a flat GL-
interface: (a) for dynamic oxygen gas absorption experiments and for pseudo steady state oxidation
of glucose to gluconic acid, (c) for dynamic hydrogen gas absorption experiments and for pseudo
steady state hydrogenation of α-methyl styrene to cumene.

immersion (Medout-Marere, 2000), the Hamaker constant (Hiemenz, 1986), and the con-

tact angle (Melis et al., 1999), see Table 2.3 and Appendix B. The results indicate that the

carbon catalyst particles are more lyophobic than the silica catalyst particles.

The gas adsorption capacity of the particles is assumed to be governed by the partition

coefficient, mA, which is defined at equilibrium as the ratio of the moles of gas adsorbed

on the solid phase of the catalyst particle to the moles of gas absorbed in the liquid phase

in the pore volume of the catalyst particle. It is given as mA = σAρp

pA,eq/H

(

1−εpore

εpore

)

, where

σA denotes the number of moles of H2 or O2 gas adsorbed per kg of catalyst. This prop-

erty was measured by taking the ratio of the amount of gas adsorbed in the solid particle
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(a) Nitrogen gas absorption (b) Photo of physical absorption set-up

Figure 2.3: Schematic diagram of Surface Aeration stirred slurry reactor (SAR) with a flat GL-
interface for dynamic nitrogen gas absorption experiments. This reactor is used to study the in-
fluence of electrolyte only. The reactor details are: 1-gas-liquid interface, 2-stainless steel plate,
3-differential pressure meter, 4-flat-blade turbine, 5-temperature sensor, 6-blind nut, 7-four 1.5 cm
baffles, V1-reactor outlet to vacuum pump, V2-Nitrogen gas inlet, and V3-Nitrogen gas outlet.

(adsorption isotherm measured in Micromeritics ASAP apparatus, gas-solid system) to

the amount of gas absorbed in the pure liquid (Henry coefficient, gas-liquid system), at

atmospheric pressure. Here, it is assumed that the liquid does not change the ratio of

the absorbed amounts of gas in the liquid and in the solid. However, the estimated val-

ues of the partition coefficient cannot be accurately determined under reactive absorption

conditions, hence a constant value of mA=50 (-) is chosen in the model simulations.

2.3.3 Experimental procedure

The carbon and silica particles were prewashed with demineralized water to remove pos-

sible contamination and were stored at 363 K to keep them dry. The particles were mixed

with demineralized water for 15 min prior to each experiment, to ensure that they were

completely wetted. The activated Pd/Carbon and Pd/Silica catalyst particles were di-

rectly added to the liquid. The reactor was first flushed with liquid to remove possible

contamination before filling it with the slurry. Hereafter, the reactor was degassed at a

vacuum pressure of approximately 0.5 kPa at 700 rpm, until the pressure indicator was

constant and no gas bubbles were visible. The vacuum was released with the absorbing
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gas under investigation and the degassing procedure is repeated. After this step, at vac-

uum pressure, the stirring speed was set to the desired speed and subsequently the stirrer

was switched off. Then the pressure of absorbing gas was increased up to 1.1 bar within

5 s. Consecutively, the stirrer was switched on and started stirring immediately at the

desired speed. The pressure of the gas above the flat gas-liquid interface was recorded

as a function of time with a differential pressure sensor (PD1, HBM Germany) and moni-

tored with a recorder (KWS 3073, HBM Germany) with a sampling frequency of 1 Hz. The

gas-liquid interface was flat up to a stirrer speed of 500 rpm. Beyond this stirrer speed, the

interface ripples with an amplitude of approximately 3 mm which increases the gas-liquid

interfacial area by approximately 5%. This correction of 5% was taken into account for the

highest mixing intensity (700 rpm). The relative effect was only minor (<5%), the par-

ticles did not have an observable influence on the surface waves. All experiments were

done three times and the maximum standard deviation in the calculated mass transfer

coefficient was within 5%.

Dynamic physical gas absorption. The mass balance for the gas dissolving in the liquid

phase is given by Equation 2.16. The gas-liquid mass transfer coefficient for the pure liquid

(kGLS
A,l ) was determined for both organic and aqueous solutions from the absorption of H2

and O2 gas, respectively. Experiments with electrolyte solutions were carried out using N2

gas. Subsequently, the experiments were carried out in the presence of carbon and silica

particles (without active metal Pd). Equation 2.24 was then fitted to the pressure-time data

to estimate the overall mass transfer coefficient (koverall
A,l ).

Oxidation of glucose. The glucose oxidation reaction produces gluconic acid which de-

creases the pH. This decreases the activity of the Pd-Bi supported catalyst. Therefore,

the pH was kept at a constant value (pH= 9) to maintain a constant high catalyst activity

(see Appendix C for more details). This was done by adding 5 M NaOH solution from

an automatic pH controlled burette. The temperature was maintained at 323 K. During

the oxidation reaction, the liquid phase concentration of oxygen, CA,l, measured with an

Ingold electrochemical oxygen sensor, was zero due to the high activity of the catalysts,

corroborating mass transfer limiting conditions, viz., CO2,l ≈ 0 mol m−3
l . The stirring rate

(200-700 rpm) and the electrolyte concentration (0.05-0.4 M) were varied at each particle

loading for each type of slurry. The rate of reaction calculated from the pressure-time data

(Differential pressure sensor, 0-70 mbar, recorded with a Penlab system, GTD, Eindhoven)

and the rate of addition of the NaOH solution during the course of the reaction were found

to be identical within 1 % accuracy. Under the operating conditions used, the reaction at

the catalytic site is first order in the oxygen bulk concentration due to GL mass transfer

limitation and zero order in the glucose concentration (Besson et al., 1995).
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Table 2.1: Characteristics of the reactor, experimental conditions and physical constants used in
this study.

- SAR (-) SAR (O2) SAR (N2)
- Physical (H2, O2) Reaction O2 Electrolyte
- Reaction (H2) - -

No. of Experimentsa 337 50 90
Ha/Hl [-] 0.25 0.25 0.28
dI/dT [-] 0.46 0.46 0.33
wb/dT [-] 0.15 0.13 0.10
Hl/dT [-] 1.20 1.20 1.28
P [kPa] 110 107 110
T [K] 303 323 294
Vg [m3] 0.754 ×10−3 1.012×10−3 0.8×10−3

Vl [m3
l ] 0.9×10−3 0.825×10−3 6×10−3

al [m2 m−3
l ] 12.57 9.14 20.9

Cglucose[mol m−3] - 500 -
CAMS [mol m−3]b 6152 - -
HH2

[kPa mol−1 m3]c 34.11 - -
HO2

[kPa mol−1 m3]d 86.5 108.3 -
HN2

[kPa mol−1 m3]e - - 156.5
DH2,l [m2 s−1]f 1.25×10−8 - -
DO2,l [m2 s−1]g 1.76×10−9 2.76×10−9 -
DN2,l [m2 s−1]h - - 2.15×10−9

a Number of experiments; Physical O2 (pure liquid = 47, carbon-glucose = 48, silica-
glucose = 61); Electrolyte N2 (electrolyte = 10, carbon-electrolyte = 40, silica-electrolyte
= 40); Physical H2 (pure liquid = 35, carbon-AMS = 35, silica-AMS = 34); Reaction O2

(= 50); and Reaction H2 (= 77).
b AMS concentration is 81.05 (mol %)/80 (vol %), cumene is used as a solvent.
c HH2

= xAMS × 4450 exp (628/T ) + (1 − xAMS) × 4060 exp (597/T ); from Stefoglo (1986).
d H−1

O2
= 0.5434 exp [−66.7354 + 8747.55/T + 24.4526 × ln(T/100)]; from Perry et al.

(1997).
e H−1

N2
= 6.1×10−4

101.325
exp [1300 (1/T − 1/298)]; from Perry et al. (1997).

f DO2,l = 6.85 × 10−15Tµ−1
l ; Wilke-Chang correlation Perry et al. (1997), where µl(T ) =

−2 × 10−5(T − 273.15) + 0.0018; for 0.5 M glucose solution fitted from Bartovska et al.
(1990).

g DH2,l = (294.64 − 48.632xAMS) × 10−8 exp

(

−13.4×10
3

RT

)

; fitted from Satterfield et al. (1968).
h DN2,l = 1.173×10−13(2.26∗M)0.5T

µlV 0.6
m

where M=18 kg/kmol, Vm=0.0312 m3/kmol, µl in mPa s;

fitted from Perry et al. (1997).
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Hydrogenation of α-methylstyrene. This hydrogenation reaction in the presence of Pd-

supported catalyst produces cumene as the only product. The intrinsic reaction rate con-

stant, kr,i, has been derived on the basis of a Langmuir-Hinshelwood mechanism and is

given by Equation 2.21:

kr,i =
ksrka

(1 +
√

kaCA,p)2

1

(Ltρp)lit

(2.21)

where the surface reaction constant, ksr, and the hydrogen adsorption equilibrium con-

stant, ka, are obtained from the same literature sources as mentioned in the appendix D

and their values are given in the nomenclature. The activation energy of the reaction is

also given in the appendix D. The reaction at the catalytic site is first order in the hydrogen

concentration for low hydrogen concentration (Pexidr et al., 1980) and zero order in the

AMS concentration (Chen et al., 1987; Frank, 1996). At 298 K, the values of kr,i are: 1.91

m3
c mol−1

Pd s−1 (Cs up to 3.08 mol m−3
c ) and 4.17 m3

c mol−1
Pd s−1 (Cs up to 0.01 mol m−3

c ). The

hydrogenation reaction is not fully mass transfer limited due to the high diffusivity and

high solubility of H2. Consequently, Equations 2.16 to 2.18 are solved simultaneously and

fitted to the pressure versus time experimental data to estimate the gas-liquid mass trans-

fer coefficient with reaction, (koverall
A,l ).

Table 2.2: Physical properties of the silica and carbon particles and supported Pd catalysts used for
the glucose oxidation and α-methylstyrene hydrogenation reactions.

catalyst Silica 3%Pd/Silica Carbon 3% Pd/Carbon

code G-4781 Q500-191 43242 42864
Distribution - uniform - eggshell
dp [µm]a 44 40 30 24
SBET [m2 gm−1]b 514 278 850 850
Vs,p [ml gm−1]c 1.63 2.08 1.60 1.19
Pore width [nm] 8.6 14.2 0.6 0.56
εpore [-]c 0.85 0.88 0.65 0.66

a Measured using LS Coulter counter. Particle size distribution for carbon is
5%<2.5, 50%<24, 90%<100 µm and for silica is 10%<18, 50%<43, 90%<95 µm.

b BET area measured using N2 physisorption in ASAP-equipment from Mi-
cromeritics.

c Measured using mercury porosimetry in Micromeritics Autopore IV 9500,

where ρp=500 (kg m−3) for carbon and silica particles. Porosity is εpore = Vs,pρs

1+Vs,pρs

and verified using ρs = ρp/(1 − εpore).
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Table 2.3: Characterization of surface properties of solid particles used during physical absorption
study and during oxidation and hydrogenation reactions study.

catalyst Silica 3%Pd/Silica Carbon 3% Pd/Carbon

code G-4781 Q500-191 43242 42864
FECO [%]a - 39 - 17
Lt [molPd kg−1

c ] - 0.111 - 0.047
Aqueous water liquid phase
∆Hi [mJ m−2]b -201 -228 -54 -70
A131·1020 [J]c 14.9 17.1 5.8 6.6
A132·1020 [J]d - -1.4 - -0.75
mO2

[moladsorbed/molliquid] 14 15 25 36
Contact angle [◦]e - 38 - ∼85
Organic AMS-cumene liquid phase
∆Hi [mJ m−2]f -103 -163 -126 -155
A131·1020 [J]c 7.73 13.7 9.81 12.8
A132·1020 [J]d - -1.49 - -0.95
mH2

[moladsorbed/molliquid] 3 10 42 71

a Fraction of Pd metal exposed at the catalyst surface measured using CO chemisorption
in a modified ASAP-apparatus.

b Heat of immersion measured in demineralized water from a Calvet C-80 mi-
crocalorimetry.

c Hamaker constant for particle interacting with liquid calculated from the heat of im-
mersion (Medout-Marere, 2000).

d Hamaker constant for particle interacting with liquid and gas bubble; A132 = (A
1/2
11 −

A
1/2
33 )(A

1/2
22 − A

1/2
33 ), or A132 = A33 + A21 − A31 − A32 calculated from Hiemenz (1986);

where 1-particle, 3-liquid, 2-gas; and the Hamaker constant of oxygen (1.41·10−26),
water (2.43·10−20), silica (4.14·10−20), and carbon (6·10−20), hydrogen (5.12·10−27), α-
methylstyrene (1.7·10−20).

e The contact angle was measured from bubble pick-up unit. For carbon particles with
contact angle nearly 90◦, Young’s equation suggests that the carbon particles will tend
to stick to gas bubbles.

f Heat of immersion measured in cumene liquid from a Calvet C-80 microcalorimetry.

2.4 Model simulations

2.4.1 Model calculation procedure

In this chapter, the GLS-GS-model is applied to three distinct cases: (1) reaction with gas-

liquid and liquid-solid mass transfer limitation, (2) reaction with gas-liquid mass transfer

limitation, and (3) physical absorption. The model calculation procedure for each of these

cases will be briefly outlined.

Case 1: Reaction with gas-liquid and liquid-solid mass transfer limitation: For this sit-

uation, the reaction rate by catalyst particles in the bulk liquid can be considerable
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since the bulk liquid concentration of dissolved gas is high. Therefore, the full set of

differential equations, Equations 2.16 to 2.18, is fitted to the experimental pressure

time series. This results in a value for koverall
A,l .
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Figure 2.4: Flow chart of mass transfer model simulation algorithm proposed in this study to
determine the adhesion and the dehesion rate constants in slurry reactors.
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Case 2: Reaction with gas-liquid mass transfer limitation: For this situation, the bulk liq-

uid concentration of dissolved gas is approximately zero, CA,l ≈ 0, and gas-liquid

mass transfer determines the mass transfer rate. Equation 2.16 is solved with CA,i =

pA/H , which results in:

pA(t) = pA,0 exp

(

−
koverall

A,l alVlRT

VgH
t

)

(2.22)

This equation is fitted to the experimental pressure time series, which results in a

value for koverall
A,l .

Case 3: Physical absorption: For this situation, there is no reaction. An overall molar

balance expresses the relationship between the bulk liquid concentration and the

gas phase pressure:

CA,l =
(pA,0 − pA)Vg

VlRT
(2.23)

Substituting Equation 2.23 and CA,i = pA/H , in Equation 2.16, and solving the dif-

ferential equation from initial time t=0, pressure p=pA,0, to time t, and pressure pA,

gives:

pA(t) =
pA,0

α

[

1 + (α − 1) exp

(

−
koverall

A,l al

α
t

)]

with α = 1 +
VlRT

HVg

(2.24)

This equation is fitted to the experimental pressure time series, which results in a

value for koverall
A,l .

The mass transfer enhancement factor is calculated from Equation 2.19. In case of pure

liquid, koverall
A,l = kGLS

A,l , which is determined from Equation 2.24. Equation 2.13 describes

kGS
A,l as a function of known physical parameters and τi. Therefore, τi can be determined

graphically from a plot of kGS
A,l versus τi. Alternatively, τi can be calculated from Equation

2.13. From experimental kGLS
A,l , kGS

A,l, and enhancement factor, bubble coverage ξ can be

calculated. KEQ is calculated from ξ using Equation 2.4. With the known value of τi and

Equation 2.5, the dehesion rate constant, kdeh, can be calculated. Finally, the adhesion rate

constant, kadh, is obtained from Equation 2.4. The detailed calculation procedure of the

adhesion and the dehesion rate constants is given in Figure 2.4.

2.4.2 Mass transfer

The effect of particle diameter, partition coefficient, and reaction rate parameter on the

mass transfer coefficient are analyzed with model simulations. Oxygen-water is chosen as

gas-liquid system for the model simulations.

In Figure 2.5, kGS
A,l is given as a function of the residence time of the particles at the

gas-liquid interface, τi, for 25 µm diameter particles and mA-values from 1 to 100. The liq-

uid side mass transfer coefficient, kGS
A,l, (Equation 2.14) is also shown. Generally at higher
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mixing intensities, the rate of mass transfer coefficient will increase and, according to the

surface renewal theory, the contact time of the particles at the gas-liquid interface will re-

duce. Indeed it is found that as τi decreases, both kGLS
A,l and kGS

A,l increase. With increasing

mA, kGS
A,l increases for all τi; the mass transfer enhancement becomes more noticeable at

high τi, i.e., low mixing intensities. For mA ≤ 16, there is no mass transfer enhancement

and even mass transfer inhibition by the particles takes place at the higher mixing inten-

sities (τi < 0.1s) by partial blocking of the gas-liquid interface for the mass transfer to take

place.
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Figure 2.5: The effect of the partition coefficient, m, on the mass transfer coefficient, kGS
A,l , as a

function of the residence time of particles at the gas-liquid interface, τi. The gas-liquid mass transfer
coefficient predicted by penetration theory for a package of liquid with an interface residence time τi

is also indicated (kGLS
A,l , Equation 2.14). Model parameters: dp = 25 µm, kr = 0 s−1; system: oxygen

gas in demineralized water.

In Figure 2.6, the effect of particle diameter on kGS
A,l is shown as a function of the res-

idence time of the particles at the gas-liquid interface, τi. The influence of dp on kGS
A,l is

pronounced, especially when kGS
A,l becomes larger than kGLS

A,l , which is the case with mass

transfer enhancement. The effect of dp is much stronger for the range where particles have

a mass transfer inhibiting effect. For τi ≥ 1, the effect of particle diameter is less pro-

nounced and larger particles have a stronger mass transfer inhibiting effect.

In Figure 2.7, the effect of the reaction rate parameter on the mass transfer coefficient is

presented. For a very high reaction rate, the value of kGS
A,l does not change with residence

time. Especially for τi > 1 s, the mass transfer enhancement is significant. For τi < 1 s, the

enhancement decreases rapidly with decreasing τi. With increasing mixing intensity, the
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Figure 2.6: The effect of particle diameter on the mass transfer coefficient, kGS
A,l , by the shuttling of

particles between the gas-liquid interface and the bulk liquid as a function of the residence time of
the particles at the gas-liquid interface, τi. The gas-liquid mass transfer coefficient predicted by the
penetration theory for a package of liquid with an interface residence time τi is also indicated (kGLS

A,l ,
Equation 2.14). Model parameters: mA = 50 moladsorbed/molliquid, kr = 0 s−1; system: oxygen gas
in demineralized water.

residence time of the particles at the gas-liquid interface decreases, and therefore the mass

transfer enhancement decreases, where kGS
A,l eventually becomes smaller than kGLS

A,l .

2.5 Experimental and modeling results

2.5.1 Aqueous liquid: Physical enhancement

The stirring rate, the electrolyte concentration, and the particle concentration were varied

as described in section 2.3. The mass transfer coefficient and the mass transfer enhance-

ment factor are discussed separately for the effect of electrolyte concentration, particle

concentration, particle type, and the combined effect.

Particles

In Figure 2.8a, koverall
A,l versus catalyst concentration is given for carbon particles, for stirring

speeds of 200 to 700 rpm. For all mixing intensities, koverall
A,l increases with particle concen-

tration up to a concentration of approximately 1 kg m−3, after which it becomes constant.

This indicates that at this particle concentration and higher, the gas-liquid interface is al-
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Figure 2.7: The effect of the reaction rate constant on the mass transfer coefficient, kGS
A,l , by the

shuttling of particles between the gas-liquid interface and the bulk liquid as a function of the res-
idence time at the gas-liquid interface, τi. The gas-liquid mass transfer coefficient predicted by
penetration theory for a package of liquid with an interface residence time τi is also indicated (kGLS

A,l ,
Equation 2.14). Model parameters: mA = 50 moladsorbed/molliquid, dp = 25 µm; system: oxygen gas
in demineralized water.

most fully covered by particles, i.e. ξ = ξmax, for all mixing intensities. Figure 2.8b shows

the physical enhancement factor, Ep, versus the mixing intensity for carbon particles. It

increases to a maximum of Ep = 2.3, after which it decreases.

These observations can be explained with the GLS-GS-model. If we assume that the

mechanism of transporting fresh liquid ”packages” to and from the gas-liquid interface is

the same as that for the fresh particles, particles and liquid packages will have the same

residence time. Indeed, because of the adhesion of particles to the GL interface, the res-

idence time of particles is expected to be higher. In order to explain the experimental

observations, we will assume an equal residence time here. In the model, τi is calculated

according to the scheme presented in Figure 2.4. Thus, we directly compare kGS
A,l and kGLS

A,l .

This is done in Figure 2.12a. In this figure, kGS
A,l and kGLS

A,l are shown as a function of the

GL interface residence time. The resulting enhancement factor, from Equation 2.19, is also

indicated. The difference between kGS
A,l and kGLS

A,l decreases with decreasing GL interface

residence time. The residence time decreases with increasing mixing intensity. At high τi,

the model enhancement factor decreases. This is because of the blocking effect (blocking

of the gas-liquid interface for the mass transfer to take place) of saturated particles at the

GL interface. Also indicated in Figure 2.12a are the experimental kGLS
A,l values at the corre-
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sponding τi, calculated with Equation 2.14. The experimental enhancement factors are 2,

2.3, 2.1, and 1.8 with increasing mixing intensity as presented in Figure 2.8b. The model

enhancement factors are 2.1, 2.2, 1.6, and 1.3 with decreasing residence time. The enhance-

ment factors predicted by the model for a fully covered gas-liquid interface compare well

to the experimental results. The order of magnitude corresponds as well as the occurrence

of a maximum as a function of mixing intensity. Consequently, the assumption of equal

gas-liquid interface residence time for the liquid packages and the particles is approxi-

mately valid. However, as mentioned before, for the adhering particles at the gas-liquid

interface, a higher residence time is expected because of the particle-to-interface adhesion

forces. If a slightly higher residence time (say 2 times) is taken for the particles at the gas-

liquid interface, the mass transfer enhancement curve is then shifted to the right, resulting

in a maximum enhancement factor at 400 rpm, analogous to the experimental results.

As shown in Figure 2.6, the enhancement increases with decreasing dp, which de-

creases τi where the maximum enhancement is located. Presumably, smaller particles

have a higher preference for adhesion to the gas-liquid interface (van der Zon, 2000) or

the dehesion rates for the larger particles are higher than the adhesion rates and therefore

particles are easily swept away from the gas-liquid interface. The particles used in the

experiments do not have a uniform particle size distribution, see Table 2.2. Consequently,

the experimentally observed enhancement may be predominantly caused by the small

particle fraction.

In Figure 2.8c, koverall
A,l versus the catalyst concentration is given for silica particles, for

stirring speeds of 200 to 700 rpm. For silica particles, koverall
A,l is independent of catalyst

concentration. This indicates that either none of the silica particles adhere to the gas-

liquid interface, kadh ¿ kdeh, ξ ≈ 0, or that the silica particles very strongly adhere to

the gas-liquid interface, kadh À kdeh, ξ ≈ ξmax. The latter is not supported by visual ob-

servations of the gas-liquid interface nor by the properties of the silica particles (Schulze

et al., 2001). Figure 2.8d shows the physical enhancement factor, Ep, versus mixing inten-

sity. Ep increases slightly or remains constant with increasing catalyst concentration and

mixing intensity. The maximum Ep is 1.3. The slight increase with mixing intensity can

be explained with the collision momentum of the silica particles. At low mixing intensity,

the collision momentum is too low to approach the gas-liquid interface close enough and

enhance the mass transfer rate. As the mixing intensity increases, the collision momentum

increases, which results in the observed minor increase of mass transfer rate. The contact

time of the silica particle collisions is very small. Thus, the mass transfer enhancement by

the silica particles more resembles the boundary layer mixing mechanism suggested by

Ruthiya et al. (2003a).

Comparing the behavior of carbon and silica particles for the oxygen-water system,

koverall
A,l for carbon particles is 2 to 3 times higher than for silica particles. The difference is

entirely ascribed to the preferred adhesion of the carbon particles to the gas-liquid inter-

face.
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Figure 2.8: Gas-liquid mass transfer coefficient and physical enhancement factor as a function of
catalyst concentration and mixing intensity. Experimental conditions: pA,0 = 1.1 bar, T = 303 K,
pH = 6-7, Vl = 0.9 m−3

l , al = 12.57 m2
gl m−3

l ; system: oxygen gas in demineralized water.

Electrolyte

In Figure 2.9a, kGLS
A,l as a function of electrolyte concentration is given, for a stirring rate of

600 rpm. kGLS
A,l decreases with increasing electrolyte concentration. This could be explained

by changes in three physical properties:
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• The Henry-coefficient generally increases with electrolyte concentration, which de-

creases the saturation concentration. The experimentally-determined Henry coeffi-

cient increased by a factor of 1.1 for an electrolyte concentration of 0.4 M (12 v/v%),

which is the maximum electrolyte concentration in our experiments. This minor in-

crease in the Henry coefficient does not account for the decrease in kGLS
A,l by a factor

of 2.5 for a 0.4 M electrolyte concentration.

• The viscosity increases from 1.07 mPa s for demineralized water to a value of 1.28

mPa s for 0.4 M electrolyte concentration at 293 K. Since the molecular diffusivity and

turbulent diffusivity are inversely proportional to the viscosity (Perry et al., 1997), an

increase in the viscosity would reduce kGLS
A,l , but only by a factor of 0.84 (1.07/1.28) at

maximum.

• The surface tension decreases from 74.7 mN m−1 for demineralized water to a value

of 60±3 mN m−1 at 0.4 M electrolyte concentration. An additional, surface tension

related, effect is that the addition of electrolyte rigidifies the flat gas-liquid interface

(Vasconcelos et al., 2003; Llorens et al., 1988; Edmonstone and Matar, 2004). This

reduces the rate of surface renewal (Suresh et al., 1988), and also blocks the gas-liquid

mass transfer (Atta et al., 2004; Vazquez et al., 2000). These resistances increase with

increasing electrolyte concentration. Hence, kGLS
A,l decreases. The kGLS

A,l -values become

constant at electrolyte concentrations of 0.2 M and higher. This value is also found

by Atta et al. (2004), who explained that the electrolyte is present in whole bulk of

water but at the same time the molecules of electrolyte may make a monolayer on

the air-water interface. With increasing electrolyte concentration, at some point the

entire gas-liquid interface is covered. This point corresponds to a concentration of

0.2 M. At higher concentrations, the mass transfer is not affected any further.

The change in the above-mentioned physical properties explains the observed decrease in

the enhancement factor with the addition of electrolyte to demineralized water.

Particles and electrolyte

The purpose of this system is to study the combined influence of particles and electrolyte

on mass transfer coefficient, as this is the situation during glucose oxidation reaction. It is

not intended to make any general conclusion related to the effect of any electrolyte.

Figures 2.9a and 2.9b shows the influence of carbon particles and electrolyte on the

physical enhancement. Ep decreases significantly with increase in the electrolyte concen-

tration for all particle concentrations in Figure 2.9a. The measurements show that the

surface tension is unaffected by the presence of carbon or silica particles. Ep increases

significantly with increase in the electrolyte concentration for all particle concentrations

in Figure 2.9b. The change in Ep in Figures 2.9a and 2.9b is attributed to the influence of

electrolyte only. The enhancement by particles is similar as for demineralized water only

(Figure 2.8b).
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Figure 2.9: Subfigure a: Physical enhancement factor versus electrolyte concentration as a function
of carbon particle concentrations, kGLS

A,l measured for demineralized water is taken as a reference,
Subfigure b: Physical enhancement factor versus carbon particle concentration as a function of
electrolyte concentrations, kGLS

A,l measured for only electrolyte is taken as a reference; Experimental

conditions: pA,0 = 1.1 bar, T = 294 K, pH = 6-7, Vl = 6 m−3
l , al = 20.9 m2

gl m−3
l , N = 600 rpm;

system: nitrogen gas in demineralized water.
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Figure 2.10: Subfigure a: Physical enhancement factor versus electrolyte concentration as a func-
tion of silica particle concentrations, kGLS

A,l measured for demineralized water is taken as a reference,
Subfigure b: Physical enhancement factor versus silica particle concentration as a function of elec-
trolyte concentrations, kGLS

A,l measured for only electrolyte is taken as a reference; Experimental

conditions: pA,0 = 1.1 bar, T = 294 K, pH = 6-7, Vl = 6 m−3
l , al = 20.9 m2

gl m−3
l , N = 600 rpm;

system: nitrogen gas in demineralized water.
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Figures 2.10a and 2.10b shows the influence of silica particles and electrolyte on physi-

cal enhancement. Ep decreases significantly with increase in the electrolyte concentration

for all particle concentrations in Figure 2.10a. Ep does not change significantly with in-

crease in the electrolyte concentration for all particle concentrations in Figure 2.10b. The

change in Ep in Figures 2.10a and 2.10b is attributed to the influence of electrolyte only.

The enhancement by particles is similar as for demineralized water only (Figure 2.8d).

In this study, the observed decrease in Ep with increasing electrolyte concentration is

primarily due to the decrease in the mass transfer coefficient for the electrolyte solution

without particles. If this mass transfer coefficient is taken as a reference point, carbon par-

ticles enhance mass transfer up to a factor of 3.4 and silica particles do not affect mass

transfer. Without electrolyte, carbon particles only enhance up to a factor of 2.2 (Figure

2.8b). The higher enhancement is due to the lower kGLS
A,l . The higher mass transfer coef-

ficient for the carbon particles and electrolyte than that for the silica particles and elec-

trolyte, can be supported based on the following observations: (i) Ralston et al. (1999)

suggested that the probability of particle adhesion to the gas-liquid interface is more pro-

nounced for particles with higher lyophobicity; (ii) van der Zon et al. (1999) found that

with the addition of electrolyte, the agglomerate size of lyophobic particles decreases (car-

bon). However, for lyophilic particles (silica), no significant change in agglomeration be-

haviour is observed. The presence of electrolyte changes the adhesion behavior of particles

to the GL interface.

2.5.2 Aqueous liquid: Reaction enhancement

The mass transfer coefficient during reaction increases with catalyst concentration up to

1 kg m−3
l as shown in Figure 2.11a for the Pd/Carbon particles. During glucose oxida-

tion experiments, the liquid phase oxygen concentration was zero, confirming complete

mass transfer limitation. The reaction enhancement factor, Er, is shown in Figure 2.11b.

Er increases to a maximum of 6.8 for a mixing intensity of 350 rpm and then levels off.

The predicted enhancement factor by the GLS-GS-model is given in Figure 2.12b. kGS
A,l is

nearly constant and virtually independent of residence time at the gas-liquid interface, τi.

kGLS
A,l increases with decreasing τi. Consequently, the enhancement factor calculated from

Equation 2.19 decreases with decreasing τi. The enhancement factors predicted by the

GLS-GS-model as shown in Figure 2.12b for a fully covered gas-liquid interface are 14.0,

9.0, 4.0, and 2.0 for 200, 350, 500, and 600 rpm, respectively. The corresponding experi-

mental enhancement factors from Figure 2.11b are 5.5, 6.8, 2.8, and 2.3. The model and

experimental enhancement factors correspond reasonably well, except for 200 rpm. The

lower experimental enhancement factor for 200 rpm can be attributed to the particle size

distribution, large particles are in competition with small particles; larger particles may

still adsorb to the GL interface at 200 rpm but not at higher rpm; at low rpm the effective

particle concentration may be lower due to agglomeration.
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Figure 2.11: Gas-liquid mass transfer coefficient and reaction enhancement factor versus catalyst
concentration as a function of mixing intensity. Experimental conditions: pA,0 = 1.07 bar, T =
323 K, pH = 9, Pd/Bi = 5 mol/mol, initial Cglucose = 500 mol/m3, conversion = 0-20%, Vl = 0.825
m−3

l , al = 9.14 m2
gl m−3

l . Comparison of physical and reaction enhancement as a function of catalyst
loading at mixing intensity of 400 rpm is illustrated in subfigures e and f; system: oxygen gas in
glucose solution.
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(b) Oxygen reactive absorption

Figure 2.12: The effect of physical and reactive conditions on the mass transfer coefficient by the
shuttling of particles between the gas-liquid interface and the bulk liquid as a function of residence
time at the interface, τi. The mass transfer coefficient predicted by the penetration theory for a
package of liquid with interface residence time τi is indicated (kGLS

A,l , Equation 2.14). The experi-
mental gas-liquid mass transfer coefficients for stirring speeds of 200 to 700 rpm are also indicated.
The theoretical enhancement factor is calculated from Equation 2.19 for the case of high reaction
rate. Model parameters: dp = 24 µm, m = 50 moladsorbed/molliquid, system: oxygen gas in glucose
solution.
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The mass transfer coefficient during reaction increases with catalyst concentration up

to 1 kg m−3
l as shown in Figure 2.11c for Pd/Silica particles. The reaction enhancement

factor, Er, is shown in Figure 2.11d for the Pd/Silica particles. Er increases to a maximum

of 3 for a mixing intensity of 350 rpm and then decreases. The predicted enhancement

factor by the GLS-GS-model is given in Figure 2.12b, which is identical to the enhance-

ment factor of the carbon particles. The model enhancement factor decreases with mixing

intensity as explained earlier. The experimental enhancement factors from Figure 2.11d

are 2.5, 3.0, 1.5, and 1.3 for 200, 350, 500, and 600 rpm, respectively. The modeled Er is

higher than the experimental Er. Apparently, the silica particles do not adhere to the gas-

liquid interface due to their lyophilic nature. Therefore, the distance of the silica particles

to the gas-liquid interface is not equal to dp/4 but equal to dp/4 + δGS
l (Nagy, 1995; Brilman

et al., 2000). Summarizing, for the glucose-Pd/Silica slurry, Figure 2.11f shows that the

maximum reaction enhancement is nearly 2.8.

2.5.3 Organic liquid: Physical enhancement

The results for hydrogen absorption in the AMS-cumene-carbon slurry are shown in Fig-

ure 2.13a. The mass transfer coefficient does not change significantly with the addition

of carbon particles. The mass transfer coefficient increases with mixing intensity. Appar-

ently, for the organic liquid, the carbon particles do not adhere to the gas-liquid interface,

contrary to carbon particles in the aqueous liquid (Figure 2.8a). Thus, the behavior is com-

parable to the silica particles in the aqueous liquid as discussed earlier. The distance of the

carbon particle to the gas-liquid interface is then not equal to dp/4 but equal to dp/4 + δGS
l .

The dependency of the gas-solid mass transfer coefficient on δGS
l is shown in Figure 2.14b.

Clearly, as δGS
l increases, the mass transfer coefficient decreases and the enhancement fac-

tor decreases to unity. The δGS
l is too high to observe any enhancement.

The results for hydrogen absorption in the AMS-cumene-silica slurry are shown in Fig-

ure 2.13b. The mass transfer coefficient increases only slightly with catalyst concentration

for the higher mixing intensities. This behavior was also observed for the aqueous liquid

presented in Figure 2.8c. Concurring with that situation, the distance of the silica particle

is not equal to dp/4 but equal to dp/4 + δGS
l . Presumably, δGS

l decreases with mixing inten-

sity; the particles have more momentum and can penetrate deeper into the GL boundary

layer. The effect is only small though; at 700 rpm, the enhancement is only 1.2. This ef-

fect would have been observed for carbon particles too. The silica particles have slightly

higher density and diameter than for carbon particles (Table 2.2). This may result in a

slightly smaller δGS
l for silica particles. As can be seen in Figure 2.14b, a small change in

δGS
l changes the mass transfer coefficient significantly.

2.5.4 Organic liquid: Reaction enhancement

During the hydrogenation reaction, the bulk liquid phase hydrogen concentration was

not zero. Therefore, the full set of differential equations 2.16 to 2.18 were fitted to the ex-
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Figure 2.13: Gas-liquid mass transfer coefficient versus catalyst concentration as a function of
mixing intensity. Experimental conditions: pA,0 = 1.1 bar, T = 303 K, Vl = 0.9 m−3

l , al = 12.57
m2

gl m−3
l , system: hydrogen gas in α-methylstyrene-cumene liquid (80:20 vol%).

perimental pressure time series. For the Pd/Carbon-AMS slurry, koverall
A,l during the AMS

hydrogenation reaction is shown in Figure 2.15a. koverall
A,l increases with catalyst concentra-

tion. The catalyst concentration after which koverall
A,l becomes constant is 3 kg/m3. koverall

A,l

also increases with mixing intensity. In Figure 2.15b the reaction enhancement is plotted

versus mixing intensity. Er increases with increasing catalyst concentration and decreases

with increasing stirring rate. The maximum Er is 4 for the Pd/Carbon-AMS slurry.

For the Pd/Silica-AMS slurry, koverall
A,l during the AMS hydrogenation reaction is shown

in Figure 2.15c. koverall
A,l increases with catalyst concentration up to 0.5 kg/m3 and increases

with mixing intensity. Figure 2.15d shows the reaction enhancement versus mixing in-

tensity. Er increases with increasing catalyst concentration and decreases with increasing

stirring rate. The maximum reaction enhancement factor is 2 for the Pd/Silica-AMS slurry.

The predicted enhancement factor by the GLS-GS-model is given in Figure 2.16a. kGS
A,l

is nearly constant for τi > 0.02 s. kGLS
A,l increases with decreasing τi (Equation 2.14). Conse-

quently, the enhancement factor calculated from Equation 2.19 decreases with decreasing

τi. The enhancement factor predicted by the GLS-GS-model as shown in Figure 2.12b for

a fully covered gas-liquid interface, is 20, 12, 10, 8, and 6 for 200, 400, 500, 600, and 700

rpm, respectively. The corresponding maximum experimental enhancement factors from

Figure 2.15b are 4, 3.6, 3.1, 3.0, and 2.8.
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Figure 2.14: The effect of particle diameter dp (subfigure a) and the particle distance to the gas-
liquid interface δGS

l (subfigure b) on the mass transfer coefficients, kGS
A,l , by the shuttling of particles

between the gas-liquid interface and the bulk liquid as a function of the residence time at the gas-
liquid interface, τi. The experimental gas-liquid mass transfer coefficients for stirring speeds of 200
to 700 rpm are also indicated. The gas-liquid mass transfer coefficient predicted by the penetration
theory for a package of liquid with an interface residence time τi is also indicated (kGLS

A,l , Equation
2.14). Model parameters: mA = 50 moladsorbed/molliquid, kr = 0 s−1; system: hydrogen gas in
α-methylstyrene-cumene liquid (80:20 vol%).
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Figure 2.15: Liquid side mass transfer coefficient and reaction enhancement factor versus catalyst
concentration as a function of mixing intensity. Experimental conditions: pA,0 = 1.1 bar, T =
303 K, pure H2 gas, Vl = 0.9 lit, al = 12.57 m2

gl m−3
l . Comparison of the physical and reaction

enhancement factors as a function of catalyst loading at a mixing intensity of 400 rpm is also
illustrated in subfigures e and f; system: hydrogen gas in α-methylstyrene-cumene liquid.
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Figure 2.16: Effect of physical and reactive conditions on the mass transfer coefficient by the shut-
tling of particles between the gas-liquid interface and the bulk liquid as a function of residence time
at interface τi. The mass transfer coefficient predicted by penetration theory for a package of liquid
with interface residence time τi is indicated (Equation 2.14). The experimental gas-liquid mass
transfer coefficients for stirring speeds of 200 to 700 rpm are also indicated. Model parameters:
dp=24 µm, m=50 moladsorbed/molliquid, kr=185.4 s−1; system: hydrogen gas in α-methylstyrene-
cumene liquid.
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The model enhancement factors and the experimental enhancement factors do not cor-

respond well, although they both show a decrease with increasing mixing intensity. The

lower experimental enhancement factor is attributed to a higher distance of particles to

the gas-liquid interface. With increasing stirring rate, the particles get closer to the GL

interface and the difference with the theoretical predicted Er becomes smaller. As shown

in Figure 2.16a, the model enhancement factor decreases accordingly. The effect of an

increase in the distance of particles to the gas-liquid interface is demonstrated in Figure

2.16b. It clearly shows that as the distance from the gas-liquid interface increases, the en-

hancement factor decreases. Summarizing, Ep and Er values for carbon and silica particles

are shown in Figures 2.15e and 2.15f. The figure shows that there is a considerable reaction

enhancement and the physical enhancement is negligible.

2.6 Concluding remarks

1. A general mass transfer model for slurry reactors is presented. This model is a com-

bination of the particle-interface-adhesion-dehesion (PIAD) model and the GLS-GS-

model. The model describes the mass transfer rate as a function of the particle adhe-

sion and dehesion rates, the solid-liquid partition coefficient, the particle diameter,

the distance of the particle to the gas-liquid interface, and the reaction rate constant.

2. Experiments show the following maximum enhancement factors:

– oxygen-water-carbon: factor of 2.5 physical enhancement,

– oxygen-water-silica: factor of 1.4 physical enhancement,

– hydrogen-cumene-silica: factor of 1.35 physical enhancement,

– hydrogen-cumene-carbon: factor of 1.05 physical enhancement,

– oxygen-water-Pd/Carbon: factor of 2.8 reaction enhancement,

– oxygen-water-Pd/Silica: factor of 3.0 reaction enhancement,

– hydrogen-cumene-Pd/Carbon: factor of 3.9 reaction enhancement,

– hydrogen-cumene-Pd/Silica: factor of 2.1 reaction enhancement.

3. The gas-liquid mass transfer coefficient and the gas-solid mass transfer coefficient

increases with increasing mixing intensity. However, the increase in the gas-liquid

mass transfer coefficient with mixing intensity is stronger compared to the gas-solid

mass transfer coefficient. Therefore, the mass transfer enhancement decreases with

mixing intensity. This is confirmed by the model and the experiments.

4. The model predictions for the mass transfer coefficient compare well to the ones

determined from physical and reactive mass transfer experiments.

5. In general, if the adhesion ability of the catalyst particles to the GL interface is im-

proved by modifying the surface properties of the particles, the catalyst particles are
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then exposed to a higher dissolved gas concentration, and as a consequence, higher

reaction rates can be obtained. Inversely, if a high gas concentration is undesirable

because of selectivity reasons or catalyst poisoning, a non-adhering catalyst support

is preferred.

6. The mass transfer model should be extended to industrial reactors like stirred tanks

and slurry bubble columns where the gas-liquid interfacial area is a function of mix-

ing intensity or superficial gas velocity. For the importance of GL mass transfer

enhancement by coalescence inhibition in stirred and sparged reactors, the experi-

mental results in a gas-inducing stirred slurry reactor are described in Chapter 3 and

the experimental results in a slurry bubble column are described in Chapter 7 and

Chapter 8.

2.7 Nomenclature

al = specific gas-liquid interfacial area, m2
gl m−3

l

aGLS
l = specific gas-liquid interfacial area for an uncovered part (=(1 − ξ)al), m2

gl m−3
l

aGS
l = specific gas-liquid interfacial area covered by particles (=ξal), m2

gl m−3
l

as = specific surface area of catalyst particle in the bulk liquid (= Ccat,b
Ap

ρpVp
), m2

c m−3
l

A = Hamaker constant, J

Ap = gas-liquid area covered by a single particle (= π
4
d2

p), m2
c

Ccat = total catalyst concentration in the reactor (= Ccat,b + alCcat,i), kgc m−3
l

Ccat,b = concentration of catalyst particles in the bulk liquid, kgc m−3
l

Ccat,i = catalyst particle concentration at the GL-interface (= ξρpVp/Ap), kgc m−2
gl

CA,i = saturation concentration of A at partial pressure pA, mol m−3
l

CA,l = dissolved gas concentration in the bulk liquid, mol m−3
l

CA,p = dissolved gas concentration in the liquid filled catalyst particles, mol m−3
c

Csurf
A,p = dissolved gas concentration at the surface of catalyst particles, mol m−3

c

dI = impeller diameter, m

DA,l = molecular diffusivity of gas in the liquid, m2
l s−1

DA,eff = effective diffusivity in the pore filled catalyst particles (= DA,lεpore/τp), m3
l m−1

c s−1

dp = average catalyst particle diameter, mc

dT = stirred tank diameter, m

E = enhancement factor defined by Equation 2.19, -

FECO = dispersion of active metal Pd at the catalyst surface, -

H = Henry coefficient, Pa mol−1 m3
l

Ha = distance between bottom of reactor and impeller blade, m

Hl = liquid height in a surface aeration reactor, m

ka = adsorption rate constant = 8.85 ×10−7 exp
(

29540.4
RT

)

, m3
c mol−1

kadh = adhesion rate constant, s−1

kdeh = dehesion rate constant, s−1

kGLS
A,l = pure gas-to-liquid mass transfer coefficient, mgl s−1

kGS
A,l = gas-to-solid mass transfer coefficient through a thin liquid film, mgl s−1
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koverall
A,l = pseudo gas-to-liquid mass transfer coefficient (=ξkGS

A,l + (1 − ξ)kGLS
A,l ), mgl s−1

kr,i = intrinsic reaction rate constant, m3
c mol−1

Pd s−1

kr = intrinsic reaction rate constant (= kr,iLtρp), s−1

kA,s = liquid-solid mass transfer coefficient, mc s−1

ksr = surface reaction rate constant = 1.29 ×1012 exp
(−54436.4

RT

)

, mol m−3
c s

KEQ = adhesion-dehesion equilibrium parameter, -

Lt = weight specific Pd surface atoms calculated as WPd

MP d
FECO, mol kg−1

c

mA = partition coefficient of component A between solid and liquid, moladsorbed/molliquid

pA = partial pressure, Pa

pA,0 = total starting pressure in the reactor, Pa

pA,eq = equilibrium pressure, Pa

R = gas constant, J mol−1 K−1

RA,p = the local reaction rate of component A in the particle, in molA m−3
c s−1

T = temperature, K

Vg = total volume of the gas phase in reactor, m3
g

Vl = total volume of the liquid phase in the reactor, m3
l

Vp = single particle volume (= π
6
d3

p), m3
c

wb = width of baffle in the reactor, m

xAMS = mole fraction of α-methylstyrene, -

Greek Letters

δGS
l = average distance between a spherical particle and a touching flat interface

(=dp

2

π/2
∫

0

(1 − cos θ) sin θdθ/
π/2
∫

0

sin θdθ = 1
4
dp), ml

εpore = particle porosity, m3
l m−3

p

η = effectiveness factor, -

ξ = fraction of gas-liquid interface area covered by catalyst particles, m2
c m−2

gl

ξmax = maximum fraction of GL-interface area covered by catalyst particles

(=0.91 for a two-dimensional closest packing of spheres), m2
c m−2

gl

σA = moles of A adsorbed per kg of catalyst, molA kg−1
c

ρp = particle density, kgc m−3
c

τi = particle interface residence time, s

τb = particle bulk residence time, s

τp = particle tortuosity, assumed to be 3.2, -

∆Hi = heat of immersion, mJ m−2
c

Abbreviations

AMS = α-methylstyrene

GLS = gas-liquid-solid

GS = gas-solid

PIAD = particle-to-interface-adhesion-dehesion

SAR = surface aeration stirred slurry reactor with a flat gas-liquid interface
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2.8 Appendix A: Derivation slab model

The 3D-spherical particles are approximated by a 1D-slab model. In the particle, compo-

nent A is present in the liquid in the pore with concentration C
p
A,l (in molA/m3

l ), and is

adsorbed to the solid surface with concentration C
p
A,s (in molA/m3

s). For the adsorption-

desorption kinetics, an infinitely high capacity of the surface is assumed, i.e., the solid

cannot become saturated with component A. The equations describing the concentration

profile in the slab are then:

εpore

∂C
p
A,l

∂t
= DA,lεpore

∂2C
p
A,l

∂x̂2
− kp

aεporeC
p
A,l + kp

d(1 − εpore)C
p
A,s (2.25)

(1 − εpore)
∂C

p
A,s

∂t
= DA,surf(1 − εpore)

∂2C
p
A,s

∂x̂2
+ kp

aεporeC
p
A,l − kp

d(1 − εpore)C
p
A,s − RA,p (2.26)

with DA,surf the surface diffusion coefficient in m2
s/s, kp

a and kp
d respectively the adsorption

and desorption rate constants in 1/s, and RA,p the local reaction rate of component A per

unit particle volume. The distance x̂ for the slab is not equal to the distance in the particle

due to the tortuosity. In fact, x̂2 = τpx
2, with x the distance in the particle.

If the adsorption equilibrium is established much faster than the time needed for dif-

fusion, the following approximation holds:

kp
aεporeC

p
A,l = kp

d(1 − εpore)C
p
A,s ⇔ (1 − εpore)C

p
A,s = (mA − 1)εporeC

p
A,l (2.27)

with mA = 1 +
kp

a

kp
d

.

We are interested in the total concentration in the particle, CA,p in molA/m3
p, which is

equal to the sum of the moles of A in the liquid and the moles of A adsorbed at the surface

divided by the total particle volume. Thus,

CA,p = εporeC
p
A,l + (1 − εpore)C

p
A,s = mAC

p
A,l (2.28)

and

∂CA,p

∂t
= εpore

∂C
p
A,l

∂t
+ (1 − εpore)

∂C
p
A,s

∂t
(2.29)

Substituting Equations 2.25 and 2.26 in Equation 2.29 gives:

∂CA,p

∂t
= DA,l

εpore

τp

∂2C
p
A,l

∂x2
+ DA,surf

(1 − εpore)

τp

∂2C
p
A,s

∂x2
− RA,p (2.30)

The surface diffusion is assumed to be an order of magnitude lower than the liquid

diffusion, and, therefore, DA,surf

(1 − εpore)

τp

∂2C
p
A,s

∂x2
≈ 0. From Equation 2.27, it follows that
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C
p
A,l = CA,p/mA. Thus, Equation 2.30 results in:

∂CA,p

∂t
= DA,l

εpore

τp

1

mA

∂2CA,p

∂x2
− RA,p (2.31)

In literature and standard text books, DA,l

εpore

τp

is often referred to as DA,eff, the effective

diffusivity of dissolved gas in the pore filled catalyst particles.

2.9 Appendix B: Catalyst characterization

The physical properties of the carbon-supported Pd catalysts are outlined in Table 2.2.

The scanning electron microscopic images of the Pd/Carbon and the Pd/Silica catalyst

particles are shown in Figures 2.17a and 2.17b, respectively.

The degree of lyophobicity of the carbon and the silica supported catalysts is characterized

(a) 3% Pd/Carbon catalyst (b) 3% Pd/Silica catalyst

Figure 2.17: Scanning electron microscopic (SEM) micrographs of Pd catalysts used in this study.

by measurements and corresponding calculations of following methods:

1. The number of acidic sites on the carbon surface can be used as a measure of lyopho-

bicity (Heinen et al., 2000; Vinke et al., 1994). The carbon catalyst was mixed with

pentane and brushed on a KBr-tablet. FTIR spectra (absorbance against wavenum-

ber) are recorded using a Biorad FTS 45A spectrometer. The spectra were averaged

from 256 scans and corrected for the background signals and curved baselines. The

absorption bands for the carboxylic groups (at 1700 cm−1) and for the bulk aromatic

groups (at 1580 cm−1) are measured. The surface area ratio of this absorption bands

(A1700/A1580 = 0.25) indicates the relative amount of carboxylic groups. The lower

this ratio, the more lyophobic the surface of particle to the aqueous liquid medium

(Vinke et al., 1994). Hence, the carbon used in this study seems to be reasonably

lyophobic.

2. The heat of immersion in water for carbon particles is measured by a Calvet C-80

microcalorimeter. For the carbon support used in this study, ∆Hi = -54 mJ m−2. The
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negative value of the heat of immersion (∆Hi) indicates the exothermicity i.e., heat

is released upon immersion of a particle in the liquid phase. A less negative heat of

immersion results in a more lyophobic catalyst when compared with a silica catalyst,

∆Hi = -228 mJ m−2 (Ruthiya et al., 2003b). Therefore, the carbon catalyst is lyophobic.

3. For lyophobic catalyst with contact angles greater than 90◦, Young’s equation (γglcosθ =

γgs − γls) gives γgs < γls. No adhesion is expected when γgl < γgs. The measured

contact angle for carbon catalyst is nearly 85◦, and therefore, the particles have a

tendency to stick to the GL-interface. A higher contact angle also results in a lower

induction time (Melis et al., 1999) i.e., time to rupture the film between particle and

bubble before adhesion can occur. The contact angle for carbon is higher than for

silica and therefore carbon is more lyophobic. For a detailed discussion, the reader

is referred to published work on bubble-assisted flotation of solids (Ralston et al.,

1999).

4. The Hamaker constant allows the understanding of dispersion phenomena of col-

loidal particles in a liquid, of stability of emulsion, of wettability, of flocculation, or

of inter-particle forces which is a measure of particle agglomeration. It is used to cal-

culate the attractive van der Waals forces. For a particle 1 interacting with a bubble

2 in a medium 3, its Hamaker constant A132 is approximated according to Hiemenz

(1986) using: A132 = A33 + A12 −A13 −A32, or A132 = (A
1/2
22 −A

1/2
33 )(A

1/2
11 −A

1/2
33 ). Sim-

ilarly, the Hamaker constant between catalyst particle and liquid, A131, is calculated

from the value of heat of immersion according to Medout-Marere (2000). For carbon

catalyst in demineralized water, A131 = 6.6× 10−20 J, and in contact with oxygen gas,

A132 = −0.75 × 10−20 J. Usually, A132 is negative because the Hamaker constant of

water (A33 = 2.43 × 10−20 J) is less than that of carbon (A11 = 6.00 × 10−20 J) and

greater than that of air bubble (A22 = 1.41 × 10−26 J). With an increase in Hamaker

constant (A131), the van der Waals attractive energy between the particles increases

and particles form agglomerates. Therefore, dispersion interaction between bubble

and particle is repulsive (Mao and Yoon, 1997). However, it should be noted that

the electrostatic repulsive energy by charged particles strongly affects dispersion

and agglomeration (Shibata et al., 2002). Additionally, the presence of very small

nanobubbles (nm range) on the solid particle, can influence the rupture of the liq-

uid film between a macro-bubble (mm range) and a particle (µm range) and act as a

additional lyophobic interaction (Mischuk et al., 2002; Simonsen et al., 2004; Attard,

2003), thus increasing the mass transfer coefficient.

The heat of immersion, the Hamaker constant, and the contact angle show that the carbon

catalyst is more lyophobic than the silica catalyst.

2.10 Appendix C: Glucose oxidation reaction

The noble metal catalyzed glucose (alcohol) oxidation has been extensively studied; see

Gallezot (1997), Mallat and Baiker (1994), Kluytmans et al. (2000), and Wenkin et al. (2002,
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1996). The reaction is efficiently fast at mild conditions and by-products formation is lim-

ited (Besson et al., 1995). It challenges the traditional enzymatic oxidation. The main

product gluconic acid is a biodegradable chelating agent and a key intermediate for food

and pharmaceutical industries (Doneva et al., 1999). The glucose oxidation on Pd-Bi/C

catalyst proceeds according to an oxidative dehydrogenation mechanism where Bi acts as

a co-catalyst (Kluytmans et al., 2000). The reaction takes place in two half reactions:

• Alcohol dehydrogenation (hydride transfer takes place from a glucose molecule to

a free metallic site, producing electrons, hydrogen adsorption) and eventually fol-

lowed by,

• Oxygen reduction (reduction of oxygen, consuming electrons where water is formed).

The catalyst acts as a short-circuited electrochemical cell, i.e. the two half reactions may

be locally separated, while the electrons are transferred through the metal and the carrier

and protons through the catalyst pores.

Dijkgraaf et al. (1988) have found that an increase of pH is accompanied by an increase

of the glucose anion concentration, which due to the hydride transfer and simultaneous

deprotonation, results in a higher rate of reaction. For pH<6, poisoning of catalyst occurs

due to product, gluconic acid, adsorption (Abbadi et al., 1993; Yuan and Keane, 2003).

For pH>10, poisoning of catalyst occurs due to reactant, glucose, degradation. The glu-

cose molecule is not thermally stable above 60 ◦C, and problems of over-oxidation prevail

below 40 ◦C. At sufficiently low oxygen concentrations, the reaction appeared to be first

order in oxygen, and zero order in glucose concentration (Besson et al., 1995).

Calorimetric measurements (Besson et al., 1995) show that the volume of oxygen ad-

sorbed on Pd-Bi/C catalyst (Pd/Bi = 5 mol/mol) is four times larger compared to Pd/Carbon

catalyst and the integral heats of adsorption are 229 and 68 kJ/molPd. Only limited amounts

of Bi atoms should be loaded selectively on the metal surface. If a high amount of Bi is

loaded, a Bi surface is formed over the catalyst and the catalyst will end up with no ac-

tivity. In this study, the Pd/Bi molar ratio is kept at 5. The current interpretation of Bi

promoter on the performance of Pd/Carbon catalyst, refers amongst others to, geomet-

rical blocking effects of the active sites centered on the noble metal, the prevention of

over-oxidation and irreversible adsorption of the reactants, the lowering of Pd metal cor-

rosion in acidic media, and the stabilization of the metallic state of Pd (Besson et al., 1995;

Mallat and Baiker, 1994; Wenkin et al., 1996, 2002; Hermans and Devillers, 2002; Yuan and

Keane, 2003).

2.11 Appendix D: Kinetics of α-methyl styrene hydrogena-

tion reaction

Hydrogenation of α-methyl styrene (AMS) catalyzed by Pd is often used as a model reac-

tion in studies involving slurry reactors because the reaction irreversibly and selectively
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produces cumene as the single product. Furthermore, the reaction is quite representative

of a wide class of gas reactant-limited, noble metal catalyzed liquid-phase hydrogenations

(Pruden and Weber, 1970). A very small amount of an inert polymerization inhibitor,

tertiary-butyl catechol (<1 vol%), which functions as a free radical trap, is added to avoid

polymerization and to avoid hydrogenation in the benzene ring. The un-catalyzed reac-

tion is negligible (Frank, 1996). The activation energy is low, 40 kJ/mol (Germain et al.,

1974; Turek and Lange, 1981). Correcting this value for the temperature dependence of

the hydrogen solubility, thus using the hydrogen concentration at the catalyst surface, Cs,

in the rate expression instead of the partial pressure, pH2
, gives a value of 36 kJ/mol. Due

to the high intrinsic reaction rates, internal diffusion limitation is present, even for small

particle diameters. The energy of activation of the observed reaction rate influenced by

internal diffusion limitation therefore equals:

Eobs =
Ekr

+ EDm,H2

2
+ EH,H2

=
36 + 13

2
+ 4 = 29 kJ/mol (2.32)

where EH,H2
is related to the solubility of hydrogen (Herskowitz et al., 1983), EDm,H2

is

related to the diffusivity of hydrogen (Ma, 1967), and Ekr
is related to the intrinsic reaction

rate constant. Values lower than 29 kJ/mol will be encountered in case external mass

transfer limitation becomes important. The conversion rates found by Satterfield et al.

(1968) showed an activation energy of 21 kJ/mol which is roughly in agreement with the

aforementioned. Pexidr et al. (1980) found that the energy of activation for temperatures

exceeding 30◦C is only 5 kJ/mol. This factor indicate that external mass transfer (gas-

liquid and liquid-solid) has a dominant effect on the rate of reaction.

In the kinetic Equation 2.21, the value of (Ltρp)lit is 7.38 mol m−3
c , assuming the disper-

sion of active metal of 20% for the catalyst used (Kawakami et al., 1976; Mazzarino, 1999).

The value of kr was then verified with other reported values in the literature (Satterfield

et al., 1968; Herskowitz and Mosseri, 1974; Chen et al., 1987). The values are reported in

Table 8.1 as a function of the temperature and the hydrogen concentration at the surface

of a catalyst particle. The kinetic steps of the reaction are reversible adsorption followed

by the first order irreversible surface reaction. The reaction is first order with respect to

hydrogen (Pexidr et al., 1980) and zero order with respect to AMS provided that the mole

fraction of AMS ≥ 0.1 (Chen et al., 1987; Frank, 1996).



Chapter 3

Mechanisms of physical and reaction

enhancement of mass transfer in a gas

inducing stirred slurry reactor

Parts of this chapter are excerpts from:

• Ruthiya, K.C., van der Schaaf, J., Kuster, B.F.M., Schouten, J.C., Mechanisms of phys-

ical and reaction enhancement of mass transfer in a gas inducing stirred slurry reac-

tor, Chem. Eng. J., 96 (1-3), 55-69, (2003).

Abstract

This chapter evaluates four mechanisms for the enhancement of gas-liquid (GL) mass

transfer: (1) boundary layer mixing, (2) shuttling, (3) coalescence inhibition, and (4) bound-

ary layer reaction. The GL mass transfer coefficient and enhancement factor are evalu-

ated in a gas inducing stirred slurry reactor (GIR) in a range of mixing intensities (0.5-30

kW m−3
l ). Physical enhancement (mechanisms 1, 2, and 3) and reaction enhancement

(mechanism 4) are investigated separately by dynamic gas absorption experiments with-

out reaction and pseudo-steady state gas absorption experiments with reaction. Two Pd-

catalysed reactions are studied: oxidation of glucose (aqueous phase) and hydrogenation

of α-methyl styrene (AMS) (organic phase). The influence of lyophobic carbon particles,

lyophilic silica particles, and of electrolyte on GL mass transfer is studied. Mechanism 1

is predominant at low mixing intensity, whereas the contribution of mechanism 2 is in-

significant. Carbon/silica particles and electrolyte individually increase the volumetric

GL mass transfer coefficient, which is mainly attributed to mechanism 3. Especially a

combination of particles and electrolyte strongly increases GL mass transfer. Mechanism

3 also holds at higher mixing intensity. Mechanism 4 magnifies the impact of mechanisms

1, 2 and 3. The carbon/silica particle lyophobicity strongly influences the interaction with

the GL interface. In aqueous glucose slurry, physical enhancement (mechanisms 1 and 3)

and reaction enhancement (mechanism 4) are observed. In organic AMS-cumene slurry,

lyophobicity/lyophilicity affects reaction enhancement only.

Keywords: Gas-liquid mass transfer mechanisms; catalyst particle lyophobicity; glu-

cose oxidation; α-methyl styrene hydrogenation; stirred slurry reactor
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3.1 Introduction

Gas-liquid mass transfer in slurry reactors is a key parameter in commercial three phase

systems for, e.g., Fischer-Tropsch synthesis, liquid phase methanol synthesis, or biologi-

cal waste water treatment. Sharma and Mashelkar (1968) first qualitatively demonstrated

the increase of the gas absorption rate by small gas-absorbing particles in a bubble col-

umn. Lee and Tsao (1972) confirmed this for a stirred slurry reactor. Kars et al. (1979)

introduced a shuttle effect to explain this mass transfer enhancement. Alper et al. (1980)

first quantitatively demonstrated mass transfer enhancement by active carbon particles,

showing that the two-film model of Whitman developed in 1923 and the penetration

model, developed to explain non-stationary phenomena of mass transfer (Danckwerts,

1970; Holstvoogd et al., 1988), could not describe the observed mass transfer phenomena.

More recently, gas-liquid mass transfer enhancement by particles suspended in the liq-

uid phase has been investigated by several authors like Alper et al. (1980); Holstvoogd

et al. (1988); Lindner et al. (1988); Wimmers and Fortuin (1988); Vinke et al. (1991); Tinge

and Drinkenburg (1995); van der Zon et al. (1999) and various models/mechanisms have

been proposed for describing this enhancement. An important aspect of GL mass trans-

fer enhancement appears to be the sticking of particles to the GL interface (Wimmers and

Fortuin, 1988; Vinke et al., 1991, 1993) and this attachment is termed as particle-to-bubble

adhesion (PBA), schematically shown in Figures 3.1 and 3.2.
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Figure 3.1: Schematic representation of mass transfer from

gas to liquid to solid in series and direct gas to solid in par-

allel with particle-bubble-adhesion, where both physical and

reaction enhancement of mass transfer occurs.

This adhesion is determined

by a plethora of parameters, e.g.,

liquid properties (surface tension,

viscosity, density, surface-active

components, and nature of liq-

uid, aqueous or organic), parti-

cle properties (diameter, lyopho-

bicity, surface roughness, parti-

tion coefficient, i.e., adsorption ca-

pacity between liquid and solid,

and three-phase contact angle),

and process parameters (turbu-

lence intensity, particle concentra-

tion). In slurry reactors, PBA

affects the gas hold-up, the bubble size distribution, and the bubble coalescence rate. Four

mechanisms of mass transfer enhancement are introduced:

• Mechanism 1: Boundary layer mixing - Four different physical phenomena influence

the convective mass transfer and the concentration gradient at the GL interface: (i)

the effective GL boundary layer thickness is reduced by collisions of the particles

with the boundary layer (van der Zon et al., 1999; Kluytmans et al., 2003) which in-

creases the GL mass transfer coefficient (kl); (ii) large particles (dp > δl) induce a local
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Figure 3.2: The various phe-
nomena of importance for cat-
alyst particles present at the
gas-liquid interface to the mass
transfer rate in a three phase gas-
liquid-solid reactors.

degree of turbulence at the GL interface which increases the refreshment rate of the

liquid in the GL boundary layer by mixing with the bulk liquid. However, parti-

cles may also dampen the turbulence at the GL interface, leading to a decrease of kl

(Godbole et al., 1990); (iii) one might expect a priori that the kl depends on the rate

of coalescence of gas bubbles for two reasons: (a) bubble coalescence by particles is

especially induced at low mixing intensities and it may give rise to larger bubbles

that have a more mobile interface (larger kl) (Suresh et al., 1988; Beenackers and van

Swaaij, 1993; Kluytmans et al., 2003); (b) bubble coalescence causes re-dispersion of

entrained gas, which means additional surface renewal (larger kl); (iv) small par-

ticles (dp ≤ δl) may decrease kl, due to a decrease in the effective volume fraction

of the liquid available for diffusion of the transferred component at the interface.

The number of particles adhering to bubbles is dependent on the balance between

shear stress and adhesion forces. The shear stress is proportional to the stirrer speed

in a stirred tank reactor and proportional to the superficial gas velocity in a bubble

column. When the shear forces become higher than the adhesion induced forces,

particles are removed from the GL interface. The relative effect of PBA on the in-

crease of the rate of mass transfer will therefore decrease at higher mixing intensities

(Ruthiya et al., 2003).

• Mechanism 2: Shuttling - If the particles have a high specific surface area and poros-

ity, then, in addition to mechanism 1, the particles that penetrate the liquid film at

the GL interface will adsorb some of the dissolved gas. When these particles return

to the bulk liquid, they will desorb the adsorbed gas. In this way, transport of the

gas to the bulk liquid is increased due to the moving particles. In agitated slurry re-

actors, an increase of the volumetric GL mass transfer coefficient (klal), is ascribed to

an increase of kl of about 200-300% (Kars et al., 1979; Alper et al., 1980) and 20-50%

(Quicker et al., 1987) due to this shuttle effect. Mechanism 2 is dependent on the

partition coefficient (m) of the particles and on the residence time of the particles in

the GL boundary layer. This shuttling mechanism has been modeled using the pen-

etration theory (Holstvoogd et al., 1988; Demmink et al., 1998) and is closely related
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to the penetration theory i.e., refreshment of small particles adsorbing the gas at the

GL-interface and desorbing it in the liquid bulk, which is, similar to the refreshment

of liquid phase elements at the GL-interface. It was concluded that only for a very

high adsorption capacity of particles (m ≥400), mechanism 2 becomes important.

Vinke et al. (1993) showed an enhancement of mass transfer for small lyophobic

particles with a partition coefficient of m=100 ∼ 300. However, in the same study,

experiments with other type of lyophilic particles showed no such enhancement de-

spite their large partition coefficient (m=800 ∼ 2500). Although the rate of mass

transfer is predicted well by the models of Dagaonkar et al. (2002) and Vinke et al.

(1993), the exact cause of the increase is still not understood. Ruthiya et al. (2004a)

concluded that the in addition to the gas adsorbing capacity of particles, the resi-

dence time and the diameter of the particles is very important to increase the mass

transfer coefficient. Mechanism 2 is predominant in case of particles of size equal

or smaller than the GL boundary layer (typically 5-25 µm), if a significant number

of particles is present at the interface. The coverage of the bubble surface by these

particles does not result in a partial blocking of the interfacial area for mass transfer

as found for particles with larger size (100-200 µm) and for non-wettable particles

(Schumpe et al., 1987; Beenackers and van Swaaij, 1993). Therefore, it is expected by

mechanism 2 that increasing the particle concentration and with increasing mixing

intensity, the visiting frequency of particles at the GL interface will increase, leading

to an increased transport of gas from the GL interface to the bulk liquid, which will

result in a larger value of kl.

• Mechanism 3: Coalescence inhibition - Particles adhering to the gas bubbles and

electrolyte in the slurry can reduce or hinder coalescence of gas bubbles. This in-

creases the value of the GL interfacial area al and therefore the volumetric mass

transfer coefficient (klal). The five different (groups of) physical properties of influ-

ence to mechanism 3 are: (i) surface tension of liquid; (ii) viscosity and density of

liquid/slurry; (iii) ionic forces; (iv) lyophobicity of particles (wettability); and (v)

particle size. Lindner et al. (1988) have measured a gas hold-up increase of approx-

imately 300% due to an electrolyte (salt solution) caused by a decreased bubble coa-

lescence rate in both a stirred reactor and a bubble column. Kluytmans et al. (2003)

also found an increase of the bubble interfacial area in a slurry bubble column. Mar-

rucci (1969) and Prince and Blanch (1990) conclude that due to ionic forces or the

local electrostatic potential at the GL interface, the film drainage speed between two

approaching bubbles is slowed down, resulting in a lower rate of bubble coalescence

and an increased number of smaller bubbles. Schumpe et al. (1987) found for bub-

ble columns that small carbon particles have a coalescence hindering effect on very

small ”ionic” bubble clouds. Jamialahmadi and Muller-Steinhagen (1991) demon-

strated that wettable particles tend to repel the gas interface, therefore acting as a

buffer between two adjacent gas bubbles. This stabilizes small bubbles and there-

fore the formation of large bubbles by coalescence is delayed. The opposite effect
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is found for non-wettable particles (using polypropylene). However, Quicker et al.

(1989) found contradictory results (al is constant) and attributed the increase in kl

to the shuttling of particles. The surface tension gradient near the gas-liquid inter-

face and the dynamic behaviour of surface tension may also play an important role

(diffusion of the surface active agent to the gas-liquid interface) in coalescence in-

hibition. With increasing superficial gas velocity or stirrer speed, the shear stresses

in the system increase, decreasing the effect of electrolyte and solid particles on the

increase of the GL interfacial area (Kluytmans et al., 2003).

• Mechanism 4: Boundary layer reaction or grazing effect - When small particles cat-

alyze a chemical reaction at the GL interface, significant conversion occurs within the

diffusion layer around the gas bubbles, thereby increasing the rate of mass transfer.

As the concentration of gaseous reactants in the film layer is higher than in the bulk

liquid, the reaction rate in the film layer will be higher. Mass transfer enhancement

during reaction is a function of the lyophobicity and activity of the catalyst particles,

and of the turbulence intensity in the reactor (van der Zon et al., 1999; Ruthiya et al.,

2003; Lindner et al., 1988). Mechanism 4 can further enhance the effect of mecha-

nisms 1, 2, and 3.

Though much research has already been documented on GL mass transfer enhance-

ment, knowledge of the exact mechanism of increase in either the GL mass transfer coeffi-

cient, kl (physically by mechanisms 1 and 2), or the GL interfacial area, al (mechanism 3),

or enhancement due to chemical reaction (mechanism 4) is still rudimentary (Holstvoogd

et al., 1988; van der Zon et al., 1999; Beenackers and van Swaaij, 1993; Lee and Foster, 1990;

Dagaonkar et al., 2002). Also, no literature is available on mass transfer enhancement for

hydrogen gas in organic liquids, although hydrogenation reactions in slurry systems com-

prise an important class of chemical reactions. Therefore, the objective of this work is to

further clarify which mechanisms lead to the observed increase of the rate of GL mass

transfer.

3.2 Experimental procedure and data treatment

Dynamic gas absorption and pseudo-steady state absorption experiments with and with-

out chemical reaction are performed in a Gas Inducing stirred slurry Reactor (GIR). Mass

transfer enhancement is investigated as a function of the following parameters: particle

material (carbon and silica); organic and aqueous liquid; electrolyte concentration; chem-

ical reaction; and mixing intensity. Oxidation of glucose (aqueous phase) and hydrogena-

tion of α-methyl styrene (organic phase) are chosen as model reactions. Both reactions are

catalysed by Pd supported on carbon and silica particles. The corresponding experimental

set-ups are schematically shown in Figures 3.3a and 3.3b.

The gas inducing reactor is a double walled glass reactor with a total volume of 1 litre,

equipped with four symmetrically placed, equal sized baffles and a hollow four-bladed
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gas-inducing impeller. Gas is sucked in through the impeller, creating gas bubbles in the

liquid. Prior to each experiment, carbon and silica particles were cleaned from organic

contaminants and consecutively dried and stored at 363 K. To make sure that all particles

are completely wetted at the start of each experiment, the particles were mixed with liquid

for one hour preceding each experiment. Information about the experimental conditions

is given in Table 3.1. The surface tension of the liquid is measured with a digital Tensiome-

ter K10T. The viscosity of the liquid is measured with a Rheometer AR 1000 N.

The properties of the catalyst particles are given in Tables 2.2 and 2.3. The heat of

immersion, ∆Hi, is a measure of the degree of lyophobicity of the particles and ranges be-

tween 0 and -355 mJ m−2 (Vinke et al., 1991, 1993; Wimmers and Fortuin, 1988). Therefore,

the carbon particles are more lyophobic than the silica particles, see Table 2.3 in Chapter

2. Both chemical reactions are carried out under mass transfer limiting conditions in order

to properly assess mass transfer enhancement and the effects related to particle to bubble

adhesion.

3.2.1 Aqueous phase: glucose solution and electrolyte

Experiments were carried out with demineralized water, slurries with carbon or silica par-

ticles, electrolyte (sodium gluconate), and slurries with combinations of carbon or silica

particles and electrolyte. A predetermined mixture of nitrogen and oxygen is continu-

ously fed to the reactor where the oxygen reacts with the glucose. The nitrogen and the

unreacted oxygen gas in the outlet are cooled to prevent any of the reaction liquid to leave

the reactor and are then subsequently vented to the atmosphere. The supported Pd-Bi cat-

alyst is poisoned by the reaction product gluconic acid. Therefore, in industrial practice

and our experiments, selective glucose oxidation is carried out in slightly alkaline solution

(pH = 9) in order to avoid poisoning and undesirable side reactions (Mallat and Baiker,

1994). The pH of 9 is controlled automatically during the reaction using a pH electrode

(Radiometer PHC 2402), a pH meter (Radiometer-PHM 82), a pH controller (Radiometer-

TTT80), and a motor burette (Radiometer-ABU80, 25 ml) containing 5 M sodium hydrox-

ide (NaOH) solution. The rate of addition of NaOH solution is a measure of the reaction

rate. The overall stoichiometry of the reaction is:

C6H12O6 (glucose) + 0.5 O2 + NaOH kr−→ C6H11O6-ONa (gluconate) + H2O

For glucose oxidation, acidic Bi nitrate solution i.e., 4[Bi(NO3)(OH)2].[BiO(OH)] is added

to the slurry of catalyst particles stirred in the absence of air, to avoid over-oxidation,

where chemisorbed hydrogen comes from the dehydrogenation of glucose on metal, un-

der which Bi is deposited via a surface redox reaction as shown below.

(PdH)surface + BiO+ −→ (Pd − Bi)surface + H3O
+

The reaction rate has an optimum in the range of 40-60 ◦C, at lower temperature the rate

is low and at high temperature glucose degrades and thereby deactivates the catalyst.

Therefore, a value of 50 ◦C is chosen as a constant process parameter.
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Figure 3.3: Schematic diagram of the experimental set up used for dynamic gas absorption and
pseudo steady state absorption for glucose oxidation and for hydrogenation of α-methyl styrene.
The saturation method is used to calculate sensor constant in oxidation set-up. The pressure step
method is used to calculate mass transfer coefficient.
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The temperature is maintained at 50 ◦C using a water bath and a Pt-100 probe. A 0.45

µm membrane filter (Millipore) is used to retain catalyst sample. The liquid phase oxygen

concentration during the reaction is monitored using an electrochemical Ingold oxygen

sensor, to corroborate mass transfer limiting conditions, viz., Cl,O2
≈ 0 mol m−3

l . The

sensor is calibrated between 0% for no oxygen and 100% for saturated liquid phase oxygen

concentration. The stirring rate (500-1500 rpm corresponds to 2-29 kW m−3
l using P/Vl =

NpρlN
3
I d5

I/Vl), the oxygen partial pressure (0-0.35 bar), and the catalyst concentration (0-5

kg m−3
l ) are varied.

3.2.2 Organic phase: α-methyl styrene and cumene

Experiments were carried out with α-methyl styrene(AMS)-cumene (80:20 vol%) slurries

with carbon or silica particles and supported Pd catalysts. The pressure in the reactor

is controlled using an electronic differential pressure transmitter (Type F50 DPF 110-3-B,

Fischer&Porter, The Netherlands). The pressure transmitter is calibrated in the range of

0-15 kPa overpressure. The span limits of the sensor is 5-50 kPa with a accuracy of 0.2% of

calibration span. The pressure is controlled with a control box (RIA 250, Endress+Hauser

B.V., The Netherlands). The system is degassed completely with a vacuum pump every

time before starting the experiments. The reaction temperature is maintained at 303 K. The

stirring rate is varied at each particle loading for each type of slurry. The initial specific

rate of absorption of hydrogen is determined from the recorded pressure vs time curve for

that run until no significant change in the gas pressure is indicated by the pressure sensor.

The rate of reaction is determined from the dynamic pressure change by hydrogen gas

absorption. The stirring rate is varied at each particle loading for each type of slurry.

3.2.3 Pressure-step method and saturation method without reaction

The physical GL mass transfer coefficient of oxygen absorption in the glucose solution is

measured using both the pressure-step method (Linek et al., 1993; Letzel and Stankiewicz,

1999) and the saturation method (discontinuous switch from nitrogen to oxygen under

exact flow conditions). In both methods, the two-film model describes the rate of mass

transfer. The liquid side mass transfer is represented by klal and, in most cases, determines

the overall rate of gas-liquid mass transfer, while the gas side mass transfer resistance is

negligible. When using the pressure-step method, the slurry is stripped by nitrogen until

the dissolved-oxygen concentration is almost nil. Then the nitrogen flow is shut down

until all bubbles have escaped from the water. Subsequently, the liquid bulk is saturated

with 1.1 bar oxygen gas pressure. This pressure is confirmed with the help of a U-tube

(manometer) connected to a stirred reactor. The oxygen sensor is then calibrated to 100%

saturated liquid phase oxygen concentration for this 1.1 bar oxygen gas pressure. When

an equilibrium concentration is established, the pressure in the reactor is instantaneously

decreased to 1.0 bar oxygen gas pressure by pinching of the gas-outlet valve. It is as-

sumed that the liquid and the gas are perfectly mixed. Therefore, the dissolved-oxygen
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Table 3.1: Characteristics of the reactor, experimental conditions and physical constants used in
this study

Symbol GIR H2 GIR O2

Ha/Hl [-] 0.30 0.40
dI/dT [-] 0.46 0.46
wb/dT [-] 0.10 0.13
Hl/dT [-] 1.00 0.74
T [K] 303 323
P [kPa] 103-109 103.33
Vl [m3] 0.5 × 10−3 0.5 × 10−3

Vg [m3]1 0.899 ×10−3 0.635 ×10−3

Cgluc [mol m−3] - 500
CAMS [mol m−3]2 6152 -
HH2

[kPa mol−1 m3]3 34.112 -
HO2

[kPa mol−1 m3]4 - 108.32
Dm,O2

[m2 sec−1]5 - 4.05 ×10−9

Dm,H2
[m2 sec−1]6 1.252 ×10−8 -

No. of Expts. (without reaction)7 95 312
No. of Expts. (with reaction) 48 40

1 calculated from pressure sensor and known values of gas flow rate.
2 81.05 (mol %), 80 (vol %), cumene is used as a solvent.
3 Stefoglo (1986); H = xAMS ∗ 4450 exp(628/T ) + (1 − xAMS) ∗ 4060 exp(597/T ).
4 Perry et al. (1997); H−1=0.54342 exp[−66.7354 + 8747.55/T + 24.4526ln(T/100)];
5 Wilke-Change correlation Perry et al. (1997), Dm,O2

= 6.85×10−15Tµ−1
l where

µl(T ) = −2 × 10−5(T − 273.15) + 0.0018; fitted from Bartovska et al. (1990) for
0.5 M glucose solution.

6 fitted from Satterfield et al. (1968); Dm,H2
= (294.64 − 48.632xAMS) ∗ 10−8 exp

(

−13.4×103

RT

)

.
7 Dist.water (22), carbon-water (40), electrolyte-water (108), electrolyte-carbon-

water (100), silica-AMS (34), carbon-AMS (61), silica-water (18), glucose-
electrolyte (24).

concentration is given by,
dCl(t)

dt
= klal (Ci − Cl(t)) (3.1)

The boundary condition is: Cl=C0 at t=0 (saturation concentration at 1.1 bar oxygen el-

evated pressure). The volumetric mass transfer coefficient klal is determined by a least

square fit of Equation 3.1 to the experimentally obtained values of Cl(t) measured with

the oxygen sensor. The sensor response to a change in oxygen concentration has a finite

delay, which is described by a first order process. This delay in the response is of the order

of magnitude of the time constant of the gas-liquid mass transfer. Therefore, the sensor

response time should be incorporated in the overall mass transfer model. Equation 3.2

represents the first-order response of the oxygen sensor:

dCsen(t)

dt
= ksen (Csen(t) − Cl) (3.2)
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The sensor constant, ksen, is a function of the degree of turbulence at the membrane surface

and it changes as a function of stirring intensity, electrolyte concentration, and carbon or

silica particle concentration. Sensor constants were estimated using the saturation method

three times, and values were calculated in the range of 0.08-0.2 s−1 (±5% error). The values

of the sensor constant were then combined with Equation 3.1, resulting in Equation 3.3:

Csen(t) = Ci −
Ci − C0

ksen − klal

[

ksene−klalt − klale
−ksent

]

(3.3)

The GL mass transfer coefficient, klal, was then determined from nonlinear multiple re-

gression of Csen(t) against time t, by the Levenberg-Marquardt method. The value of klal

is calculated using the pressure step method twice and values in the range of 0.02-0.36 s−1

(±3% error) were calculated.

3.2.4 Dynamic gas absorption method without reaction

The physical GL mass transfer coefficient of H2 absorption in an organic AMS-cumene

mixture is determined with the dynamic gas absorption method. This method is based on

the dynamic pressure change by H2 gas absorption. The mass balance for a gas dissolving

in an (ideally mixed) liquid phase, can be written as:

−Vg

VlRT

dp

dt
= (klal)p

( p

H
− Cl

)

(3.4)

with Cl =
Vg

VlRT
(p0 − p) (3.5)

The Henry coefficient, H, is determined at equilibrium where dp/dt is zero and the pres-

sure equals the equilibrium pressure peq. Substituting this in the equation above gives:

H =
peq

Ci(t = ∞)
=

VlRT

Vg

peq

(p0 − peq)
(3.6)

Substituting Equation 3.5 and solving the differential Equation 3.4 from initial time t=0,

pressure p=p0, to time t, and pressure p, gives:

(klal)p =
1

t

Q

Q + 1
ln

(

p0

(Q + 1)p − Qp0

)

where Q =
VgH

VlRT
(3.7)

The value of the ’pure’ volumetric GL mass transfer coefficient, (klal)0, is determined from

a similar procedure in the absence of particles and electrolyte. All the experiments are

done three times and the maximum standard deviation is 2%.

3.2.5 Pseudo steady state absorption with chemical reaction

The oxidation reaction is carried out with carbon or silica supported Pd-Bi catalyst, and

selectively produces gluconic acid. The hydrogenation reaction is carried out with carbon
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or silica supported Pd catalyst, and selectively produces cumene. Under the operating

conditions used, the reaction at the catalytic site is first order in oxygen and in hydrogen

concentration due to GL mass transfer limitations and zero order in glucose concentration

(Besson et al., 1995) and in AMS concentration (Chen et al., 1987). Neglecting mass transfer

in the gas phase, and assuming an ideally mixed gas and liquid phase with reaction only

in the bulk liquid, the following equations describe the volumetric reaction rate, Rv:

Rv = (klal)r(Ci − Cl) (3.8)

Rv = ks
6Ccat

dpρp

(

Cl −
Cs

m

)

(3.9)

Rv = ηkrLtCcatCs (3.10)

Eliminating Cl and Cs from the above equations results in the following equation for the

reaction rate:

koverall =
Rv

Ci

=

[

1

(klal)r

+

(

dpρp

6ks

+
1

ηmkrLt

)

1

Ccat

]−1

(3.11)

where Ci,O2
=

pO2

HeO2

; Ci,H2
=

pH2

HeH2

(3.12)

koverall is a rate constant for the total rate of reaction and can be calculated with linear

regression from the volumetric reaction rate, Rv, against the equilibrium GL interfacial

concentration Ci, at a specific partial pressure. The equations for the catalyst effectiveness

factor, η, and the Thiele modulus, φ, for the uniform catalyst and first order reaction can

be found in classical textbooks (Fogler, 1999). The value of kr for oxidation under mass

transfer limiting conditions is estimated to be in the range of 125-160 m3 molPd s−1 at 323

K (Ruthiya et al., 2005). The intrinsic reaction rate coefficient for the hydrogenation re-

action, kr, has been derived on the basis of Langmuir-Hinshelwood mechanisms, and is

calculated from Kawakami et al. (1976); Mazzarino (1999),

kr =
ksrka

(1 +
√

kaCs)2

1

(Ltρp)lit

(3.13)

where Arrhenius-type equations for the surface reaction rate coefficient, ksr, and the hy-

drogen adsorption equilibrium coefficient, ka, are given in the nomenclature. The value

of (Ltρp)lit = 7.38 molPd m−3
c , assuming the dispersion of the active metal of 20% for the

catalyst used (Kawakami et al., 1976; Mazzarino, 1999), and was verified with the data ob-

tained from (Satterfield et al., 1968; Herskowitz and Mosseri, 1974; Chen et al., 1987). The

reaction at the catalytic site is first order in the hydrogen concentration for low hydrogen

concentration (Pexidr et al., 1980) and zero order in the AMS concentration (Chen et al.,

1987; Frank, 1996). The value of kr for hydrogenation at 303 K is obtained from Equation

3.13, which is equal to 3.13 m3 molPd s−1 for Cs up to 3.16 mol m−3
c and 4.95 m3 molPd s−1

for Cs up to 0.01 mol m−3
c . To estimate the limitations set by liquid-solid mass transfer,

Sano et al. (1974) has proposed a correlation for ks:

Sh = 2 + 0.4Re(1/4)Sc(1/3) (3.14)
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Sh =
ksdp

Dm

Re =
Npd

5
IN

3
I d4

pρ
3
l

Vlµ3
l

Sc =
µl

ρlDm

(3.15)

where Sh, Re, and Sc are the Sherwood, Reynolds, and Schmidt number, respectively. For

the aqueous slurry, Re = 0.5-55 (400-1500 rpm), Sc = 580 with corresponding Sh = 3.5-8.5.

For the organic slurry, Re = 0.9-1090 (400-1500 rpm), Sc = 61 with corresponding Sh = 4-

9.7. For the hydrogenation reaction, Equation 3.11 is solved by assuming m=1, ks given by

Equation 3.14 and kr given by Equation 3.13. For the oxidation reaction, the liquid phase

concentration of oxygen is zero during the reaction. Therefore, the overall rate equation is

given by:

koverall,O2
=

Rv

Ci,O2

= (klal)r (3.16)

The reaction enhancement factor can then be calculated with the obtained values of (klal)r.

3.2.6 Definition of physical enhancement and reaction enhancement

The physical mass transfer enhancement, Ep, by suspended particles or electrolyte in the

slurry, is defined as:

Ep =
(klal)p

(klal)0

(3.17)

The physical mass transfer coefficient (klal)p changes to (klal)r in the presence of reaction.

The reaction enhancement factor, Er, and the total enhancement factor, Et, are defined as:

Et =
(klal)r

(klal)0

; Er =
(klal)r

(klal)p

; Et = Er ∗ Ep (3.18)

All the effects of enhancement due to mechanisms 1, 2, 3, and 4 are incorporated in the

total enhancement factor, Et.

3.3 Results and discussion

In this section, first the results of pure physical mass transfer coefficient and physical en-

hancement factor for aqueous and organic liquid are discussed. This is followed by the

reaction mass transfer enhancement for aqueous and organic liquid.

3.3.1 Aqueous phase: Mass transfer coefficient

The volumetric mass transfer coefficient versus the carbon particle concentration as a func-

tion of mixing intensity is shown in Figure 3.4a. The klal increases with mixing intensity.

However, the influence of added carbon particles is negligible at all mixing intensities. In

the presence of electrolyte, the volumetric mass transfer coefficient versus carbon particle

concentration as a function of mixing intensity is shown in Figure 3.4b. The klal increases

with mixing intensity and with the addition of electrolyte. The values of klal in the pres-

ence of particles and electrolyte is higher than in the presence of either only particles or
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only electrolyte. From the calculated klal values, the mass transfer enhancement factors

are calculated, and are discussed below.
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Figure 3.4: Effect of carbon particles, electrolyte, and the combination of electrolyte and particles
on gas-liquid mass transfer measured using pressure-step method with demineralized water at 1
bar and 323 K.

3.3.2 Aqueous phase: Physical enhancement

The stirring rate, the electrolyte concentration, and the particle concentration were varied

and the mass transfer enhancement factor is separately presented for electrolyte solutions,

for particle slurries, and for their combinations.

Electrolyte

The influence of glucose and a combination of glucose-electrolyte on mass transfer en-

hancement, is presented in Figure 3.5a. The Ep values for 0.4 M G-0.1 M E are smaller than

for 0.1 M G-0.4 M E (based on starting concentration of 0.5 M glucose) at all mixing in-

tensities. For glucose-demineralized water only, the enhancement factor is around 1.4 and

in combination with glucose-electrolyte-demineralized water, it is same. The influence of

glucose on surface tension is found to be negligible. Higher enhancement due to glucose

might be regarded as resulting from the higher viscosity of the solution. The residence

time of a gas bubble in the system is linearly proportional to viscosity. For the same stir-

ring rate, more energy is required in high viscous liquids, therefore more small bubbles

with a high gas-liquid interfacial area is present. Hence, the gas-liquid interfacial area

(al) increases. The difference in physical enhancement factor between glucose-electrolyte

(Figure 3.5a) and demineralized water-electrolyte (Figure 3.5b) at all mixing intensities
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is negligible (within 90% confidence). Therefore, the additional influence of glucose to

demineralized water-electrolyte solution is negligible and the study of the combination of

particles and electrolyte is done using demineralized water.

The following interpretations can be made from Figure 3.5: (i) at low mixing intensity,

addition of electrolyte contributes to an additional enhancement factor of 1.8 (Figure 3.5a);

(ii) the enhancement factor increases with electrolyte concentration and attains a maxi-

mum value of 2.1 at 0.6 M electrolyte solution (Figure 3.5b), beyond which it decreases;

(iii) the enhancement factor decreases with increasing mixing intensity and is 1.4 at high

mixing intensity (Figure 3.5a).

The presence of an electrolyte changes the surface tension which is a measure for the

stability of the GL interface. The surface tension for demineralized water is 74.7 mN m−1

and decreases to 58±3 mN m−1 with increasing electrolyte concentration up to 0.3-04 M,

beyond which it becomes independent of electrolyte concentration. A lower surface ten-

sion leads to a less stable GL interface and thus to a smaller average bubble size. On

the other hand, a decreasing surface tension, also decreases kl, since it reduces the rate of

surface renewal (Suresh et al., 1988). The viscosity of demineralized water is 0.578 mPa s

and of 0.33 M electrolyte 0.628 mPa s at 323 K. At a very high concentration of electrolyte

(>0.6-1 M), although the surface tension does not decrease further, the viscosity of the

liquid is increased strongly (1.12 mPa s for 1 M electrolyte at 323 K). Since the molecular

diffusivity and turbulent diffusivity are inversely proportional to the viscosity (Wilke and

Chang, 1955), the increase in viscosity beyond 0.6 M electrolyte reduces the value of klal.

The effect of electrolyte at high mixing intensity is not very pronounced. It is concluded

that mechanism 3 (coalescence inhibition) is the only governing mechanism both at low

and high mixing intensities.

Particles

From Figure 3.6a, no dependency is seen between the volumetric mass transfer coefficient

and the carbon concentration. The maximum value of Ep at very low mixing intensity of

1 kW m−3
l is around 1.5. Beyond a mixing intensity of 15 kW m−3

l , the value is around

unity. The values below 1 may be attributed to turbulence inhibition effect. The difference

between pure demineralized water and silica particles is small (enhancement factor of 1.2)

at all mixing intensities as shown in Figure 3.6d. For 1 g l−1 silica and carbon, an opposite

trend is observed at the lowest mixing intensity. This is attributed to the fact, that dense

silica particles are not distributed uniformly at low mixing intensity and collisions with

the GL boundary layer are ineffective, whereas carbon particles adhere readily to the in-

terface at low mixing intensity.

For particle concentrations below 0.6 vol% (approximately 3 g l−1), the small lyopho-

bic particles may cover the bubble surface, preventing coalescence of the bubbles. Thus

smaller bubbles with a lower rise velocity are present with a larger interfacial area. How-
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Figure 3.5: Effect of electrolyte on gas-liquid mass transfer measured using pressure-step method
with demineralized water at 1 bar and 323 K.

ever, adding more particles (typically > 0.6 vol%) will not further increase the interfacial

area. The bubble surface is then already sufficiently covered for a maximum coalescence

inhibition. Based on above mentioned observations, mechanism 1 is the likely one to ac-

count for the increased rate of mass transfer at low stirring rates. It is expected that the

surface tension is hardly influenced by the presence of carbon or silica particles. Mech-

anism 2 is not relevant since the observed enhancement decreases with stirring rate and

does not increase proportionally to particle concentration. There is no dependency on car-

bon concentration beyond a mixing intensity of 10 kW m−3
l where the enhancement factor

is nearly 1 since mixing forces are much higher than particle induced forces at the GL

boundary layer. At high mixing intensity, neither mechanism 1 (additional refreshment of

liquid at the GL boundary layer), nor mechanism 3 (coalescence inhibition) contribute to

an enhanced mass transfer.

Particles and electrolyte

Since during oxidation of glucose, both electrolyte and particles (carbon or silica, Pd-

Bi/Carbon or Pd-Bi/Silica) are present, it is relevant to study the combined effect. Com-

parison of Figure 3.6b with Figure 3.5b, shows that, addition of 1 g l−1 carbon to elec-

trolyte solutions, has a very pronounced effect on the mass transfer rate. The value of Ep

increases with electrolyte concentration and attains a maximum between 0.3 and 0.4 M,

beyond which it decreases. Enhancement factors are significantly higher compared to the

case of pure electrolyte, and attain a maximum of 4.80 at 0.3 M electrolyte concentration

at low mixing intensity. Based on such a pronounced effect of the combination of particles

and electrolyte, the concentration of carbon particles was varied at an electrolyte concen-
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tration of 0.33 M (Figure 3.6c). The results for silica particles are shown in Figure 3.6d.

Clearly, the combination of particles and electrolyte significantly increases the enhance-

ment factor.
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Figure 3.6: Effect of glucose concentration, carbon particle concentration, combinations of carbon
or silica particles with electrolyte on gas-liquid mass transfer measured using pressure step method
with demineralized water at 1 bar and 323 K.

At low mixing intensity, a maximum value of 8.2 for 4 g l−1 carbon-0.33 M electrolyte
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slurry and a maximum value of 1.6 for 1 g l−1 silica-0.1 M electrolyte-0.4 M glucose slurry

is obtained. The accuracy of the data is within the ±5% error. It is suggested that: (i) addi-

tion of electrolyte, active carbon, or silica particles together stabilizes the gas bubbles. This

stabilization is the result of the formation of a layer of particles, and/or particles with ad-

sorbed electrolyte around the gas bubble, which hinders bubble coalescence as discussed

in the introduction for mechanism 3; (ii) Particles with adsorbed electrolyte have a higher

tendency for PBA (Hiemenz, 1986). Also, sedimentation experiments show that particle

agglomeration is delayed. Carbon particles in water readily form agglomerates and settle

down (settling time ≈5 min), whereas electrolyte stabilizes the slurry (settling time ≈30

min). An increase in electrolyte concentration reduces the interaction potential energy

between the particle and bubble, as well as the critical film rupture thickness. Thus, the

film drainage rate increases between particle and bubble (Ralston et al., 1999); (iii) a larger

fraction of carbon particles, having nearly the same density as the liquid, adheres to the

GL interface and therefore local boundary layer turbulence is more vigorous. It increases

kl by refreshment of liquid. For the heavier, non adhering silica particles, increase in kl

is only by collisions with the GL interface; (iv) When the density or the viscosity of the

liquid-slurry around the bubble is significantly increased, the rise velocity of the bubble

will be lowered at low stirring rates, which results in a higher gas hold-up. Thus, it is

suggested that both mechanism 1 and mechanism 3 play a role at low mixing intensity.

At high mixing intensity, the enhancement factor decreases in case of the carbon par-

ticle slurry (Figure 3.6c) but increases for the silica particle slurry (Figure 3.6d). When

comparing Figures 3.5a and 3.6a at the highest mixing intensity, a maximum enhance-

ment factor of 1.4 is found for the case of electrolyte. This value is much lower than the

combination of carbon particles and electrolyte at the highest mixing intensity (maximum

value of 3 from Figure 3.6c). Apparently, even at high mixing intensity, carbon particles in

electrolyte stabilize bubbles, in contrast with carbon particles in pure water. The enhance-

ment factor increases with the carbon concentration in the presence of electrolyte. For the

case of silica particles, the difference in the enhancement factor between pure demineral-

ized water and added silica particles is small (value of 1.2). For the combination of silica

particles and electrolyte, a maximum enhancement factor of 2.4 for 0.1 M electrolyte, and

2.2 for 0.33 M electrolyte is attained. The enhancement factor clearly increases with mixing

intensity up to 17 kW m−3
l for the silica-electrolyte-glucose slurry, after which it reaches

a plateau. The difference between solid and liquid density is an important parameter in

relation to klal. The greater inertia of the heavier silica particles, creates stronger collisions

at the GL interface at high shear rate and thereby affects the value of kl (Joosten et al.,

1977). Thus, mechanism 1 and mechanism 3 act concurrently for silica particles at high

mixing intensity.

3.3.3 Organic phase: Mass transfer coefficient

The stirring rate and the carbon or the silica concentrations are varied and the initial,

specific rate of absorption of hydrogen in the AMS-cumene liquid, is determined from
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dynamic gas absorption experiments. For AMS hydrogenation, the product cumene does

not change the surface tension of the liquid nor the viscosity. The volumetric mass transfer

coefficient versus carbon particle concentration as a function of mixing intensity is shown

in Figure 3.7a. Clearly, the klal increases with mixing intensity. The klal increases with the

addition of carbon particles at all mixing intensities up to 1 g l−1. The volumetric mass

transfer coefficient versus silica particle concentration as a function of mixing intensity is

shown in Figure 3.7b. The klal increases with mixing intensity and increases with silica

particles up to 0.5 g l−1.
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Figure 3.7: Volumetric mass transfer coefficient versus catalyst concentration as a function of
stirring speed measured using dynamic gas absorption with organic AMS-cumene mixture (80:20
vol%) at 1 bar and 303 K.

3.3.4 Organic phase: Physical enhancement

From Figure 3.8, it is noticeable that the enhancement factor of hydrogen absorption in the

presence of carbon or silica particles in AMS-cumene slurry is significantly lower than the

enhancement factor of oxygen absorption in demineralized water-electrolyte slurry. But,

the enhancement factor at high mixing intensity in the AMS-cumene slurry with carbon

or silica particles, is higher than in the demineralized water slurry without electrolyte.

The results for hydrogen absorption in AMS-carbon slurry and AMS-silica slurry shown

in Figure 3.8, are more or less similar. Thus probably, silica is not lyophobic enough to

adhere to the GL interface or the lyophobicity/lyophilicity of the particles is less important

in organic liquids.

At low mixing intensity, the maximum physical enhancement factor is 1.7 in the AMS-

silica slurry and is 1.4 in the AMS-carbon slurry. There is a critical particle concentration
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Figure 3.8: Effect of carbon and silica particles on gas-liquid mass transfer measured using dynamic
gas absorption with organic AMS-cumene mixture (80:20 vol%) at 1 bar and 303 K.

of 1 g l−1 observed for both the silica and the carbon slurries, beyond which no further

increase of the enhancement factor is found. This observation is in agreement with experi-

mental observations for other gas-activated carbon slurry systems (Alper et al., 1980; Alper

and Öztürk, 1986) and our results in section 3.3.2 without electrolyte. The enhancement

factor decreases at high mixing intensity. Contrary to demineralized water, no difference

between carbon and silica behaviour is observed and hence the collision effect is absent.

It is concluded that mechanism 1 is operative and adhering particles increase kl, due to

increased refreshment of the GL boundary layer.

At high mixing intensity, the maximum physical enhancement factor is 1.3-1.4 for both

carbon and silica slurries. The influence of particles on GL mass transfer decreases, and

the same explanation holds as described for aqueous slurry (mechanism 1 and mecha-

nism 3 as an additive effect). Mechanism 2 is not present due to: (i) the same behaviour

of carbon and silica particles which may be due to the fact that the particle size is one

order of magnitude higher than the thickness of particle free GL boundary layer; (ii) the

difference in measured values of partition coefficient for H2-silica slurry (m=10±10%) and

H2-carbon slurry (m=40±10%) is too low, where m must be of the order of 400, to have

mechanism 2 as contributing factor (Demmink et al., 1998); (iii) the enhancement factor

decreases with mixing intensity and no particle concentration dependency is found. It is

concluded that mechanism 3 (coalescence inhibition) is operative at high mixing intensity,

but has a limited effect.
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Figure 3.9: Comparison of physical and chemical reaction enhancement measured in the GIR for
aqueous glucose oxidation as a function of impeller speed: P = 1.05 bar, T = 323 K, pH = 9, Pd/Bi
= 5 mol/mol, initial Cgluc = 500 mol/m3, pO2 = 0.2 bar, conversion = 0-60%. Ep reference is 1 g
l−1 + 0.1 M electrolyte.

3.3.5 Aqueous phase: Reaction enhancement

Pseudo-steady-state experiments were performed with reaction in the GIR and the results

are shown in Figure 3.9. The measured liquid phase concentration of oxygen is zero for

all glucose oxidation experiments, due to the high activity of the catalyst. As illustrated in

Figure 3.1, the main route for oxygen transport is directly from the gas phase to the liquid

filled wetted catalyst particle (Ruthiya et al., 2004b), i.e., mechanism 4 due to PBA might

be operative.

The calculation of the reaction enhancement factor is complicated due to the follow-

ing reasons: (i) the reaction product sodium gluconate itself is an electrolyte and hence

the concentration of electrolyte and glucose changes in time, thereby changing the cata-

lyst potential or catalyst affinity towards gas bubbles, or particle-particle interactions. We

have shown the importance of electrolyte in section 3.3.2 and it is also clear from Figure

3.6; (ii) the adhesion behaviour for the catalyst particles may be different (see ∆Hi from

Table 2.2) and can also change during reaction. The carbon supported catalyst is more

lyophilic than carbon particles itself and hence PBA is expected to be less, thereby low-

ering the physical enhancement factor; (iii) the influence of the catalyst promoter Bi and

noble metal Pd on the volumetric GL mass transfer coefficient is unknown.

Due to all these uncertainties, it is difficult to find a proper reference value for Ep.

However, we assumed a reference of 1 g l−1 carbon or silica with 0.1 M electrolyte and
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the calculated enhancement factor is presented in Figures 3.9a and 3.9b. For the Pd/Silica

particles, the value of (klal)r is calculated from Equation 3.11 under reactive conditions.

The reaction enhancement factor is calculated with this value because full mass transfer

limiting conditions do not apply yet. Only at a catalyst concentration above 0.5 g l−1, the

measured bulk liquid oxygen concentration is zero. It is observed that the reaction en-

hancement (Er by mechanism 4) in the glucose-carbon slurry is slightly higher than the

glucose-silica slurry. The value of Er for carbon and silica catalyst increases with stirring

rate (range of 1.2-1.4 from Figures 3.9a and 3.9b). Although the physical and reaction en-

hancement for silica catalyst increases with stirring rate, an opposite trend is observed

for carbon catalyst as explained earlier. The maximum total enhancement observed is 3.2

for carbon catalyst and 3.5 for silica catalyst. In conclusion, there is a limited contribu-

tion of reaction enhancement to oxygen mass transfer in the presence of carbon or silica

supported catalyst. And, the overwhelming physical enhancement obscures this effect.

3.3.6 Organic phase: Reaction enhancement

Pseudo steady state experiments were performed with AMS hydrogenation in the GIR of

which the results are shown in Figure 3.10. With the literature values for mkr, reaction

enhancement factors slightly less than unity are obtained. This might be explained by: (i)

experimental errors due to comparison of dynamic gas absorption method and pseudo

steady state absorption method (Linek et al., 1982); or (ii) incorrect use of Equation 3.11

to represent the effect of PBA. Since Er should be >1, a sensitivity analysis for the value

of mkr is done for both 3% Pd/Carbon and 3% Pd/Silica catalyst. It has been found that

the value of mkr for the case of silica particles is at least 3.13 (i.e., m=1), but for carbon

particles, mkr is 25 (i.e., m=8) to get all Er ≥1. This latter value for m is also reported by

Tinge and Drinkenburg (1995) for the adsorption of hydrogen gas on carbon particles.

From Figure 3.10a, a maximum reaction enhancement factor of 2.4 in the AMS-Pd/Silica

slurry is observed at all catalyst loadings where the physical enhancement factor equals

1.1. In Figure 3.10b, the reaction enhancement increases with stirring rate in the case of

AMS-Pd/Silica slurry. It appears to flatten out or even decrease beyond 8 kW m−3
l giving

a maximum reaction enhancement factor of 3.0 at 4 kW m−3
l . For 3% Pd/Carbon slurry, a

reaction enhancement factor in the range of 1-1.6 is found, see Figures 3.10c and 3.10d. It is

not very much dependent on the catalyst concentration nor on the mixing intensity. Con-

cluding, the relative lyophobicity/lyophilicity of carbon and silica particles is especially

important concerning mechanism 4 (reaction enhancement) in organic slurries. However,

it is insignificant for the physical mechanisms discussed in section 3.3.4.

3.4 Conclusions

It has been shown that by combining the results of experiments with two different cata-

lyst supports i.e., carbon and silica particles, along with an aqueous electrolyte solution

and organic liquid, using an oxidation as well as hydrogenation reaction, it is possible
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Figure 3.10: Comparison of physical and chemical reaction enhancement measured in the GIR for
organic AMS hydrogenation as a function of catalyst loading and impeller speed: P = 1 bar, T =
303 K, pure H2 gas; effectiveness factor η is 0.4 (3%Pd/Silica) and 0.61 (3%Pd/Carbon).

to identify the operating mechanisms of GL mass transfer enhancement. We have found

that:

1. For a AMS-H2 slurry, physical enhancement factors up to 1.7 for silica particles and

1.4 for carbon particles are observed. For a glucose-O2 slurry, physical enhancement

factors up to 1.4 for carbon particles and 1.1 for silica particles are observed. For

aqueous liquids, carbon particles adhere to the GL interface and induce local turbu-

lence. Collisions of silica particles refresh the GL interface. Both effects enhance the

rate of mass transfer (mechanism 1). For organic liquids, carbon and silica particles

equally refresh the GL interface at low mixing intensities only (mechanism 1). This
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effect levels off at high particle concentration.

2. Enhancement of mass transfer by shuttling of particles between the GL interface and

the bulk liquid (mechanism 2) is insignificant since it is found that (i) the enhance-

ment factor decreases with stirring rate and (ii) reaches a plateau after some critical

particle concentration.

3. Enhancement factors up to 3.5 for demineralized water-0.33 M electrolyte-carbon

and 2.1 for demineralized water-0.33 M electrolyte-silica particles, are observed with

a particle loading of 1 g l−1 at ∼2 kW m−3
l . The highest value of enhancement is

8.2 for demineralized water-4 g l−1 carbon-0.33 M electrolyte at ∼1 kW m−3
l . For

silica particles, the enhancement factor increases with mixing intensity to a maxi-

mum value of 2.4 at 15 kW m−3
l and then levels off. Maximum enhancement factor

of 1.4 (only electrolyte), 1.0 (only carbon), and 3.0 (their combination) prevails at

high mixing intensities (mechanism 3) along with mechanism 1 as a concurrent ef-

fect. Whereas for AMS-cumene slurry, maximum physical enhancement factors of

1.3 (carbon particles) and 1.2 (silica particles) at high mixing intensity (mechanism

3) are obtained.

4. The rate of mass transfer in aqueous slurry is much increased when in combination

with electrolyte and carbon or silica particles, which is attributed to an increase in the

specific gas-liquid interfacial area al (mechanism 3). The addition of both solid par-

ticles and electrolyte together changes the local electrostatic potential on solid par-

ticles or ionic bubbles which in turn promotes particle-to-bubble adhesion, thereby

inhibiting bubble coalescence (stabilizing effect). For organic liquid, at high mixing

intensity, mechanism 3 is operative but has a limited effect.

5. The mass transfer coefficient in the presence of reaction is higher (mechanism 4) as

compared to physical mass transfer in the presence of solids. The reaction enhance-

ment assessment for glucose oxidation is complicated due to the uncertainty in the

reference value for the physical enhancement. The reaction enhancement is obscured

due to an overwhelming physical enhancement in the glucose-carbon-electrolyte

slurry. The reaction enhancement factor increases with mixing intensity up to a cer-

tain value, after which it becomes constant. The reaction enhancement factor for

glucose-carbon slurry (1.3-1.5) is higher than for glucose-silica slurry (1.0-1.3). And,

for the AMS-carbon slurry (1.2-1.4) is less than the AMS-silica slurry (2.0-2.4). Thus,

the relative behaviour of carbon and silica catalyst in organic phase is the reverse of

the behaviour in an aqueous phase.

6. Lyophobicity/lyophilicity of the carbon/silica catalyst particles determines the in-

teraction with the GL interface. In aqueous glucose slurry, physical enhancement

(mechanisms 1 and 3) and reaction enhancement (mechanism 4) are observed. In or-

ganic AMS-cumene slurry, lyophobicity/lyophilicity affects reaction enhancement

only.
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3.5 Nomenclature

al = surface area per unit volume of (bubble and particle free) liquid (m2 m−3
l )

as = surface area of catalyst per unit volume of (bubble and particle free) liquid (m2 m−3
l )

Ccat = catalyst concentration in the reactor (g l−1)

Ci = saturated concentration of gas at liquid side of GL interface (mol m−3
l )

CO = saturated concentration of gas at liquid side of GL interface at 1.1 bar (mol m−3
l )

Cl = gas concentration in bulk liquid (mol m−3)

Cs = dissolved gas concentration in liquid filled catalyst particles (mol m−3
c )

Csen = sensor response (mol m−3)

dT = reactor diameter (m)

dI = impeller diameter, dI=0.045 in all experiments (m)

dp = particle diameter (m)

Dm = molecular diffusivity (m2 s−1)

De = effective diffusivity (m2 s−1)

Ep = physical enhancement factor as defined in Equation 3.17 (-)

Er, Et = reaction and total enhancement factor as defined in Equation 3.18 (-)

FECO = fraction of active metal Pd at outer surface of catalyst particle (-)

Ha = distance between bottom of reactor and impeller blade (m)

H = Henry coefficient (Pa mol−1 m3)

Hl = liquid height in gas inducing reactor (m)

kl = GL mass transfer coefficient (m s−1)

kr = reaction rate constant (m3 mol−1
Pd s−1)

ksr = surface reaction rate constant = 1.29 ×1012exp
(−54436.4

RT

)

(mol m−3
c s)

ka = adsorption rate constant = 8.85 ×10−7exp
(

29540.4
RT

)

(m3
c mol−1)

ks = L-S mass transfer coefficient (m s−1)

ksen = sensor constant (s−1)

koverall = overall mass transfer rate defined in the Equation 3.11 (s−1)

Lt = weight specific Pd surface atoms calculated as %Pd
MPd

FECO (mol kg−1
c )

m = partition coefficient (m3
l m−3

c )

N = impeller rotation speed (s−1)

Np = straight blade impeller (radial flow) power number (=5)

supported by Bates et al. (1963); Sridhar and Potter (1980); Wu et al. (2002)

p = pressure (kPa)

pH2
= H2 partial pressure (kPa)

pO2
= O2 partial pressure (kPa)

P = power dissipated by impeller, P = NpρlN
3d5

I (kW)

Rv = observed volumetric reaction rate (mol m−3 s−1)

t = time (s)

Vg = total volume of the gas phase in the reactor (m−3)

Vl = total volume of the liquid phase in the reactor (m−3
l )

wb = width of baffle in the reactor (m)

xAMS = mole fraction of α-methyl styrene (-)
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Greek

δl = GL film thickness at liquid side of interface (m)

η = effectiveness factor (-)

ρp = particle density (kgc m−3
c )

ρl = liquid density (kg m−3
l )

µl = liquid viscosity (Pa s)

σl = surface tension of liquid (N m−1)

τp = tortuosity taken as 3.2 from Kawakami et al. (1976) (-)

Abbreviations

AMS = α-methyl styrene (-)

C = carbon (-)

E = electrolyte (sodium gluconate in this study) (-)

G = glucose (-)

GIR = gas inducing reactor (-)

PBA = particle-to-bubble adhesion (-)
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3.6 Appendix: Catalyst deactivation in liquid phase reac-

tions

Abstract

The understanding of the mechanisms of catalyst deactivation during noble metal cat-

alyzed oxidation or hydrogenation reactions is a very important issue and a major concern

for catalyst users and manufactures. Earlier researchers have tried to identify the cause of

catalyst deactivation (Kluytmans et al., 2000; Besson and Gallezot, 2003) in liquid phase

reactions, however, subjected to only one class of reaction type. In this appendix, five

major causes of catalyst deactivation during oxidation or hydrogenation or similar class

of chemical reaction are summarized. Concurrently, the precautions or the methods to

reduce or prevent catalyst deactivation for specific oxidation and hydrogenation reactions

are reviewed.

Mechanisms of catalyst deactivation

1. Over-oxidation: Strong chemisorption of oxygen on the noble metal surface results

in the formation of an inactive surface metal oxide (Dijkgraaf et al., 1988; Schuurman

et al., 1992). This occurs when the rate of oxygen supply is higher than the rate

of oxygen consumption by the reactant alcohol. It was found that under the mild

process conditions (323 K, 1 bar), where oxidation reactions are frequently carried

out, over-oxidation (corrosion) is the main cause of catalyst deactivation and catalyst

activity decreases by a factor of 10 within hours.
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2. Metal and support leaching: Leaching of active phases and supports should be a

permanent concern for those involved in catalytic reactions in multi-phasic media.

It relates to a loss of active metal by dissolution of metal ions from the support. This

can be a result of strong acidic or strong alkaline conditions and use of supports like

alumina, as illustrated in Schuurman et al. (1992); Yuan and Keane (2003). Metal

leaching can also be the result of severe over-oxidation, especially in the presence of

chelating agents. Too many studies in the literature are worthless scientifically and

practically because catalysts leached in solutions, whether or not researchers were

aware of it. To prevent this, it is of major importance to avoid hydrogen starving

conditions and to keep the noble metal crystallites in a well-reduced, metallic state.

3. Chemical poisoning/inhibition/encapsulation: The active metal surface is covered

by strongly adsorbing species either reactants or products (Abbadi et al., 1993; Mallat

and Baiker, 1994; Pereira et al., 2001; Yuan and Keane, 2003). This type of chemical

deactivation comprehends the formation of poisoning intermediates during the ad-

sorption and oxidation of the alcohol. These intermediates can be formed during the

initial absorption of the reactant (Mallat and Baiker, 1994). However, this type of poi-

soning can be reversible when enough oxygen is present, but can also be irreversible

on prolonged poisoning. Strong adsorption of acids or byproducts formed via an

aldol-condensation reaction or polymerization reaction especially in basic or neutral

media, carbon monoxide adsorption, can lead to irreversible deactivation. Min et al.

(2003) found that encapsulation of hemispherical metal clusters by the oxide support

results in a reduction of the active metal surface area (ratio of the metal surface area

to the metal interface area). In general, encapsulation or/and inter-diffusion and

alloy formation occurs for the strong metal-support interacting systems.

4. Sintering/crystalline growth/agglomeration: In this mechanism, large metal parti-

cles with lower chemical potential grow at the expense of smaller ones with higher

chemical potential, the driving force being the reduction of the total surface energy

of the system (Min et al., 2003). This occurs via dissolution and subsequent re-

deposition of metal ions. A recrystallization mechanism called Ostwald ripening

is believed to occur. It can take place under oxidizing as well as reducing circum-

stances, either due to large scale over-oxidation or due to high temperature or high

pH (> 11) (Schuurman et al., 1992; Vleeming et al., 1997a,b). The reduction of the

oxygen rich support surface groups can lead to a destruction of the active metal

anchorage sites. This enables metal particle surface migration to the formation of

crystalline (metal) aggregates and hence particle growth. Sintering resulting in loss

of active surface area is an irreversible cause of catalyst deactivation. In general,

sintering and/or agglomeration is favored for the weak metal-support interacting

systems.

5. Coking: This includes catalyst deactivation by the influence of carbon deposition, in-

teraction between carbon, hydrogen and noble metal, and formation of stable molec-

ular surface species (Albers et al., 2001). Different species of coke and special grades
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of carbons may be deposited, transformed or generated during the process. This

is crucial with respect to a detrimental impact on the catalyst activity. Mostly coke

species of extended molecular size viz., polymeric carbonaceous deposits and inter-

stitial carbon species or carbides, are highlights during hydrogenation reactions.

All deactivation mechanisms decrease the active metal surface area, alter the catalytic

property significantly, and decrease the reaction rate. Different deactivation mechanisms

can take place simultaneously, however, over-oxidation is the most critical and predomi-

nant cause of deactivation during oxidation reactions. And, coking and sintering are the

most critical and predominant causes of deactivation during hydrogenation reactions.

Remedies to over-come catalyst deactivation

• Selection of active metal: Metals with higher redox potential are less prone to over-

oxidation. Platinum group metals have the highest redox potential compared to

other metals. van Dam et al. (1990) have found that for liquid phase alcohol oxida-

tion, Pt offers most resistance against over-oxidation. According to them, resistivity

can be generalized as Pt > Ir > Pd > Rh > Ru.

• Catalyst particle diameter: Depending on the reducing capability of the alcohol com-

pound, it was found that for a low reducing agent like methyl α-D-glucopyranoside,

small metal particles (<2 nm) deactivate more rapidly than larger ones (Schuurman

et al., 1992), whereas for a strong reducing agent, like glucose, small metal particles

do not deactivate and full conversion can be achieved (Besson et al., 1995).

• Selection of catalyst support: The catalyst support plays an important role. Carbon

(active carbon and graphite) supports are most widely used for the alcohol oxida-

tion because of their higher stability to withstand severe reaction conditions (acidic

and basic media, high temperatures) and the active metal can easily be impregnated

in different ways. Carbon also offers cost effective regeneration of spent catalyst.

However, for certain alcohol compounds (e.g. 1-methoxy-2-propanol, secondary al-

cohol), alumina (Pt/Al2O3) was considered to be the most suitable support (Mallat

and Baiker, 1994). But it was observed that for four strong chelating agents (carbohy-

drates), leaching of active metal is possible with alumina as support (Venema et al.,

1992).

• Use of promoters: Promoters are actually heavy metals; if used alone they are in-

active but as promoters to noble metal catalyst they can be very effective. They

have led noble metal catalyzed alcohol oxidation to a very competitive stage, for in-

stance in Pd catalyzed glucose oxidation, 95% conversion with 100% selectivity can

be achieved at a catalyst TOF (turn over frequency) of 1 s−1 (Kluytmans et al., 2000).

According to Mallat and Baiker (1994), the general sequence of promoter efficiency

is: Bi > Pb > Sn ∼ Au ∼ Ru. In general, addition of Bi atom increases the overall

catalytic performance of the platinum group catalyst. However, there is no general

agreement about the origin of the promoting role of bismuth. According to Gallezot
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(1997), bismuth ad-atoms prevent oxygen poisoning of the palladium surface by act-

ing as co-catalyst in the oxidative dehydrogenation mechanism. Mallat and Baiker

(1994) found that bismuth ad-atoms decrease the size of Pt ensembles and thus de-

crease the formation and irreversible adsorption of the substrate and by-products.

• Oxygen mass transfer regime: The nature of catalyst deactivation is largely influ-

enced by the amount of oxygen present at the catalyst surface. In the oxygen mass

transfer limited regime the catalyst surface is reduced, i.e. low catalyst potential

(0.2-0.7 V vs reversible hydrogen electrode (RHE)); the catalyst may deactivate by

absorbtion of carbonaceous deposits (chemical poisoning). In the intrinsic kinetic

regime, the catalyst surface is oxidized, i.e. high catalyst potential (> 1 V RHE); the

catalyst deactivates due to over-oxidation (mechanism 1). The amount of oxygen

present at the catalyst surface is determined by the oxygen mass transfer. The opti-

mum reaction rate can be achieved by controlling the oxygen mass transfer regime.

• Monitoring open-circuit catalyst potential: According to Mallat and Baiker (1995),

monitoring the open circuit potential of the catalyst can be a key to adjust the rate

of oxygen supply to the rate of alcohol oxidation. The catalyst potential is an in-

dicator of the balance between oxidation and reduction processes taking place on

the catalyst active sites. However, this technique has its own limitation of precise

measurement of the catalyst potential. Nevertheless, it can be helpful for qualitative

analysis of the oxidation process.

• Redox-cycle operation: In redox-cycle operation, the catalyst is alternatingly ex-

posed to an oxidative and a reductive environment. Vleeming et al. (1997b) demon-

strated that redox cycle operation improved the catalyst performance.

• Use of diffusion-stabilized catalysts: van Dam et al. (1990) demonstrated an inter-

esting solution to over-oxidation, by deliberately introducing oxygen mass transfer

limitation in the catalyst pores. This has been achieved by preparing catalysts as

porous extrudates where the metal particles are uniformly distributed in the pores.

The oxygen concentration decreases continuously from the edge to the core of the

extrudates.
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Modeling the effect of particle-to-bubble

adhesion on mass transport and reaction

rate in a stirred slurry reactor

Parts of this chapter are excerpts from:

• Ruthiya, K.C., van der Schaaf, J., Kuster, B.F.M., Schouten, J.C., Modeling the effect

of particle to bubble adhesion on mass transport and reaction rate in a stirred slurry

reactor: Influence of catalyst support, Chem. Eng. Sci., 59 (22-23), 5551-5558, (2004).

• Ruthiya, K.C., van der Schaaf, J., Wenmakers, P.W.A.M., Kuster, B.F.M., Schouten,

J.C., Modeling the influence of catalyst particle diameter on mass transfer enhance-

ment in slurry reactors, AIChE J., to be submitted, (2005).

Abstract

The adhesion of catalyst particles to the gas-liquid interface significantly influences the

rate of reaction in a three-phase gas-inducing stirred slurry reactor. For the Pd-catalyzed

glucose oxidation reaction at mass transport limited conditions, the experimental reaction

rate is higher for lyophobic 3% Pd/Carbon catalyst than for lyophilic 3% Pd/Silica cat-

alyst. This is attributed to a higher particle-to-bubble adhesion (PBA) of the Pd/Carbon

catalyst. The interfacial catalyst concentration is quantified by a PBA equilibrium param-

eter in a PBA-isotherm. The classical resistances-in-series ”GLS-model” cannot describe

the overall reaction rate. An additional gas-to-solid ”GS-model” is presented with a gas-

to-solid mass transfer coefficient to describe the increased rate of reaction by the catalyst

particles adhered to the gas-liquid interface. The experiments are performed at various

mixing intensities, oxygen partial pressure, and catalyst concentrations. The PBA equilib-

rium constant and the gas-to-solid mass transfer coefficient during reaction are estimated

as a function of mixing intensity. The combined GLS-GS-model adequately describes the

experimentally observed reaction rates.

Keywords: Slurries, Mass transfer, Gas-liquid, Interface, Catalyst support, Multiphase

reactors, Glucose oxidation, Mathematical modeling.
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4.1 Introduction

Solid-catalyzed gas-liquid reactions are often encountered in the chemical process indus-

try, e.g. Fischer-Tropsch synthesis, hydrogenation, and oxidation reactions. The transport

of the gas to the liquid and to the catalyst site frequently limits the rate of these reactions.

Antonucci et al. (1994), Dudukovic and Mills (1986), Dudukovic et al. (1999), Scholten et al.

(1999), and Vleeming et al. (1997) demonstrated that the lyophobicity (wettability) or the

external contacting efficiency of the catalyst support is an important particle property in

this respect for trickle bed reactors and slurry reactors. Chuang et al. (1994) addressed the

catalyst wetting phenomenon for catalysts with different degrees of lyophobicity. Lyopho-

bic catalysts significantly improve the reaction rate at mass transport limited conditions,

but an adequate model to describe mass transport and reaction rate with varying oxygen

partial pressure, mixing intensity, and catalyst concentration is not available in the litera-

ture (Raffensberger et al., 2003).

Lyophobic catalyst supports tend to segregate from the bulk liquid in a three phase

slurry reactor. This segregation results in either particle agglomeration in the bulk liquid

or particle-to-bubble adhesion (PBA) at the gas-liquid (GL) interface. PBA increases the

particle concentration at the gas-liquid interface and, therefore, increases the rate of mass

transfer of the gas from the bubble to the solid catalyst particle (van der Zon et al., 1999;

Lavelle and McMonagle, 2001; Ruthiya et al., 2003b,a, 2005). Agglomeration of particles

results in an increased effective particle diameter and a decreased rate of conversion for a

mass transport limited reaction.

In this paper, the performance of carbon and silica supported Pd catalysts is studied in

a gas-inducing stirred slurry reactor under mass transport limited and mixed mass trans-

port limited-intrinsic kinetic conditions for an aqueous phase glucose oxidation reaction.

A new gas-solid (GS) model is introduced, which describes the direct gas-to-solid mass

transfer from the gas phase to the catalyst particles adhered at the GL-interface. The over-

all rate of mass transfer is modeled by a combination of the classical resistances-in-series

gas-liquid-solid (GLS) model and this new GS-model.
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k l

k s

S o l i dL i q u i d
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C l
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k l G S
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G a s  
b u b b l e

Figure 4.1: Schematic representation of the trans-
port of gas from the gas bubble to the liquid to the
solid catalyst particles in the resistances-in-series
model (GLS-model) and of the direct transport of
gas from the gas bubble to the solid particles in the
GL boundary layer (GS-model).
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4.2 Experimental

A detailed information concerning the mechanism of glucose oxidation on bimetallic Pd-

Bi catalyst (Pd/Bi = 5 mol/mol) is given in Appendix C in Chapter 2. And, the detailed

information regarding the experimental set-up, the experimental conditions, the physical

constants (e.g., Henry coefficient, diffusivity, etc.), and the reaction rate measurements are

given in Chapter 3. The glucose oxidation rate is determined for a total of 110 pseudo-

steady state experiments in a gas-inducing stirred slurry reactor. The liquid phase oxygen

concentration during the reaction is monitored using an electrochemical Ingold oxygen

sensor, to corroborate the mass transfer limiting conditions, viz., Cl,O2
≈ 0 mol m−3

l . The

sensor is calibrated between 0% for no oxygen and 100% for saturated liquid phase oxygen

concentration. The stirring rate, the oxygen partial pressure, and the catalyst concentra-

tion are varied for both carbon and silica catalyst slurries. The physical properties of the

carbon-supported Pd catalysts are outlined in Table 2.2. The degree of lyophobicity of

the carbon and the silica supported catalysts is characterized by measurements and corre-

sponding calculations of Fourier transform-infrared spectra (Vinke et al., 1994), the heat of

immersion (Medout-Marere, 2000), the Hamaker constant (Hiemenz, 1986), and the con-

tact angle (Melis et al., 1999), see Table 2.3 for more information. The results are discussed

in the appendix B in Chapter 2. All the methods show that the carbon catalyst is more

lyophobic than the silica catalyst.

4.3 Mass transfer modeling

In this paper, we apply two mass transfer models to describe the overall rate of glucose

oxidation: the GLS-model and the new GS-model, i.e., Rv = RGLS
v + RGS

v . Figure 4.1 gives

a schematic representation of these models. The mass transfer resistance in the gas phase

is neglected. The GLS-model and the GS-model are discussed consecutively.

4.3.1 GLS-model

The GLS-model describes mass transfer from the gas bubble to the ideally mixed bulk liq-

uid, then from the bulk liquid to the catalyst particle, followed by diffusion to the catalytic

site inside the particle (Beenackers and van Swaaij, 1993). Equation 4.1 gives the overall

volumetric reaction rate for the GLS-model, RGLS
v :

RGLS
v =

[

1

klaGLS
l

+
dpρp

6ksCcat,b

+
1

η(Cs)mkrLt(r)Ccat,b

]−1

Ci (4.1)

where Ci,O2
=

pO2

HO2

, aGLS
l = al − aGS

l , and Lt is the specific number of Pd surface atoms, i.e.

molPd/kg catalyst, based on the assumption that one Pd surface atom occupies one cat-

alytic site. The liquid-solid mass transfer coefficient (ks) is estimated from the Sherwood-

Frössling correlation (Sano et al., 1974). The intrinsic kinetic rate constant (kr) is estimated

to be in between 125-160 m3 mol−1
Pd s−1 at 323 K (Ruthiya et al., 2005). The total gas-liquid
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interfacial area (al) and the mass transfer coefficient (kl) are calculated from Ruthiya et al.

(2003a,b) and compare well with various literature correlations described in Ruthiya et al.

(2005). The calculation of aGS
l is discussed below.

4.3.2 GS-model

The GS-model describes direct mass transfer from the gas bubble to the catalyst surface

at the GL-interface through a thin liquid film or direct gas-solid mass transfer to a part

of the catalyst surface attached to a gas bubble. Equation 4.2 gives the overall volumetric

reaction rate for the GS-model, RGS
v :

RGS
v =

[

1

kGS
l aGS

l

+
1

η(Cs)mkrLt(r)Ccat,i

]−1

Ci (4.2)

where aGS
l = NPBAalπd2

p, Ccat,i = NPBAalVpρp, and the mass transfer coefficient during

reaction, kGS
l = Dm/δGS

l ; δGS
l is the average liquid film thickness between the adhered

particles and the gas bubble. NPBA is the number of catalyst particles per unit area of GL-

interface, which is a function of the catalyst concentration, the mixing intensity, and the

degree of lyophobicity of the particles. NPBA is modeled with a particle-to-bubble adhesion

isotherm:
NPBA

Nmax
PBA

=
KPBACcat,b

1 + KPBACcat,b

(4.3)

where the PBA equilibrium parameter, KPBA, is an adhesion analog of the Langmuir ad-

sorption isotherm. It quantifies the rate of exchange of catalyst particles between the GL-

interface and the bulk liquid. Substituting Equations for aGS
l and Ccat,i in Equation 4.3, a

quadratic equation for NPBA is obtained:

(KPBAalρpVp)N
2
PBA − (1 + KPBACcat + Nmax

PBA KPBAalρpVp)NPBA + Nmax
PBA KPBACcat = 0 (4.4)

The mass transfer coefficient during reaction, kGS
l , is difficult to estimate a priori, due to

the uncertainty of the liquid film thickness between the particle and the gas bubble or

direct gas-solid mass transfer to a part of the catalyst surface attached to a gas bubble.

Therefore, both KPBA and kGS
l are fitted to the experimental data. The maximum number

of particles per unit area of GL-interface, Nmax
PBA , is ξmax/(πd2

p). The value of ξmax is 0.91 (-),

which is the maximum bubble surface coverage by spherical particles (two-dimensional

closest packing).

4.3.3 Effectiveness factor: eggshell and uniform catalyst

For the GLS-GS-model calculations of the volumetric reaction rate in Equations 4.1 and

4.2, the effectiveness factor of a catalyst particles is needed. The local volumetric reac-

tion rate, Rv(r), at steady state conditions, for a spherical particle with a uniform catalyst
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distribution and constant diffusivity, is given by:

Rv(r) = krLt(r)ρpCs/m =
1

r2

d

dr

(

De

m
r2 dCs

dr

)

(4.5)

To solve this differential equation, the following boundary conditions are considered:
dCs

dr
= 0 at r=0, GLS-model: De

m
dCs

dr
= ks

(

Cl − Cs

m

)

at r= Rp, and GS-model: De

m
dCs

dr
=

kGS
l

(

Ci − Cs

m

)

at r= Rp. The Cl in the boundary condition is obtained by equating the gas-

liquid mass transfer rate and the liquid-solid mass transfer rate. It is given by Equation

4.6:

Cl =
kla

GLS
l Ci + ksasCs/m

klaGLS
l + ksas

(4.6)

The Thiele modulus, φ, and the effectiveness factor, η, are given by:

φ =
dp

2

√

m< rv >|Cs

DeCs

; η =
6

mdp

De
dCs

dr
|r=Rp

< rv >|Cs

(4.7)

where the particle averaged volumetric rate of reaction, < rv >, is obtained by integration

over the entire particle. The effectiveness factor is calculated for the catalyst particles at

the GL interface and for the catalyst particles in the bulk liquid. A detailed discussion

on the calculation of the Thiele modulus and the effectiveness factor for the eggshell and

uniform catalysts is given in Ruthiya et al. (2005).

4.3.4 GLS-GS-model

Equations 4.1, 4.2, 4.4, and differential equation 4.5 are solved simultaneously to calcu-

late the GLS- and GS-model reaction rates. Equation 4.5 is solved using a second order

Crank-Nicholson finite difference method and a concentration profile is obtained for cata-

lyst particles with different catalyst support. In the interior of the catalyst particle, central

finite difference is used and for the surface boundary condition, a three-point forward

finite difference approximation is used. The combined GLS-GS-model is fitted to the ”re-

action rate vs catalyst concentration” data for one mixing intensity, for which the model

parameters ”PBA equilibrium parameter” and ”mass transfer coefficient during reaction”

are constant, independent of catalyst concentration. So, for a particular mixing intensity,

the GLS-GS-model results in unique values of the two fit parameters. The obtained model

parameters at one oxygen partial pressure are kept constant while predicting the perfor-

mance of the reaction rate at different oxygen partial pressures.

4.4 Parameter estimation for GLS-GS-model

The estimation of parameters for the GLS-GS-model is briefly discussed below.

1. The partition coefficient (m) is defined as the equilibrium concentration ratio for the

dissolved gas between liquid and solid. It is measured from slurry absorption exper-
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iments and also verified from the direct gas-solid adsorption isotherm measured in

the Micromeritics ASAP apparatus. The partition coefficient for oxygen over carbon

catalyst and water is in between 40 and 70 m3
l m−3

c . A constant value of 50 is chosen

for all the simulations.

2. The result of volumetric mass transfer coefficient (klal) is shown in Figure 4.2a. The

klal correlations developed by Inga and Morsi (1997), Poncin et al. (2002), and exper-

imental results in our previous study (Ruthiya et al., 2003b) in a stirred slurry reactor

are used for this purpose. The klal predicted by Inga and Morsi (1997) is higher than

by Tekie et al. (1997a) and Ruthiya et al. (2003b) at high mixing intensity. Since the

results of Ruthiya et al. (2003b) are measured in the same stirred reactor and the

values agree closely to the values predicted by Poncin et al. (2002), who have also

measured klal in a similar type of gas inducing reactor, the values of Ruthiya et al.

(2003b) were used in GLS-GS-model calculation procedure.

3. The result of gas hold-up (εg) is shown in Figure 4.2b. The gas hold-up correlations

developed by Tekie et al. (1997a) and Poncin et al. (2002) for a stirred slurry reactor

are used for the estimation of the GL-interfacial area.

4. The result of gas-liquid interfacial area (al) is shown in Figure 4.2c. Tekie et al. (1997b)

and Poncin et al. (2002) calculated al using al = 6εg/dsb, where dsb = 1mm calculated

by Tekie et al. (1997a) using digital video image analysis and εg is predicted by a

fitted correlation. Lavelle and McMonagle (2001) used a fitted correlation developed

for al. The figure shows that the al predicted by Poncin et al. (2002) is 1.5-2.0 times

higher than by Tekie et al. (1997b) and Lavelle and McMonagle (2001) at high mixing

intensity. Tekie et al. (1997b) used a similar reactor and a similar impeller geometry

as used in this study. Therefore, the results predicted by Tekie et al. (1997b) are

used for the calculations in the GLS- and GS-model. This is also in agreement with

the results of Sridhar and Potter (1980). It is assumed that there is no change in

the GL interfacial area with catalyst concentration and reaction product which is an

electrolyte used in this study. This is a critical assumption. Therefore, a sensitivity

study is carried out with respect to the estimated GL-interfacial area.

5. The result of liquid side mass transfer coefficient (kl) is shown in Figure 4.2d. The

figure shows that Tekie et al. (1997b) and Suresh et al. (1988) predicted much higher

values compared to the other literature correlations. Therefore, the kl is obtained by

taking the ratio of klal from Ruthiya et al. (2003b) and al from Tekie et al. (1997b),

again due to measurements in the same stirred slurry reactor. The obtained re-

sults are in good agreement with related literature (Ganguli and van den Berg, 1980;

Ruthiya et al., 2003a,b; Versteeg et al., 1987; Poncin et al., 2002) and are used for the

calculations in the GLS- and GS-model.

6. From the experimental results of three carbon catalysts with different Pd loadings,

1%, 3% and 5%, the oxidation kinetic coefficient, kr, is determined. It is fitted to the

experimental results at all mixing intensities and catalyst concentrations, such that
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the PBA equilibrium parameter is the same for all the three catalysts. The best fitted

value is estimated to be 125-160 m3 mol−1
Pd s−1 at 323 K for a large range of the PBA

equilibrium parameter (0-100 m3 kg−1) and mass transfer coefficient during reaction

(4 × 10−4 − 2 × 10−3 m s−1).
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Figure 4.2: Experimental and literature comparison of volumetric mass transfer coefficient, GL
interfacial area, gas hold-up and GL mass transfer coefficient in a gas-inducing stirred reactor.
Experimental conditions: P = 1 bar, T = 323 K, pH = 9, Np = 5 (-), db = 1 mm, and Nc=5 1/s.
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7. The Weisz-Prater parameter Cwp calculated, in the absence of concentration gradi-

ents in an isothermal spherical particle for a first-order reaction and for a uniform

catalyst, should be less than unity in order to have no diffusion limitations (Fogler,

1999): Cwp =
vxRvρpd2

p

4DeCcatCs
or Cwp = ηφ2, where the stoichiometric factor vx is 0.5 for the

oxidation of glucose. The Cwp is in the range of 100 to 150 (-). These results clearly

show that the reaction is strongly diffusion limited due to a high reaction rate.

8. For the eggshell catalyst, it is assumed that the Pd is present only in the outer 30%

volume of the particle, and the rate is calculated from Equation 4.5 only for that part.

In practice, the catalyst particle may have activity decreasing towards the center but

here a stepwise activity distribution is considered for simplification. The diameter

of the eggshell catalyst in the analytical solution is unknown, a priori, due to the

uncertainty of the Pd distribution. The results of the numerical solution of Thiele

modulus and effectiveness factor for the catalysts are discussed in the next section.

4.5 Results and discussion

The volumetric reaction rate increases with mixing intensity and with catalyst concentra-

tion, see Figure 4.3a for carbon catalyst and Figure 4.3b for silica catalyst. The measured

bulk liquid phase concentration of dissolved oxygen is zero up to an inlet oxygen par-

tial pressure of 0.3 bar for Pd/Carbon catalyst and up to 10-15% of the saturated oxygen

concentration for Pd/silica catalyst. This is also verified from Equation 4.6. It indicates

that the reaction was carried out under mass transport limited conditions. The volumet-

ric reaction rate increases up to a certain catalyst concentration. This concentration is 1

kg m−3
l for carbon catalyst and 2 kg m−3

l for silica catalyst. At these concentrations, the

GL-interface is saturated with catalyst particles. Consequently, the reaction rate does not

increase further with the catalyst concentration. The reaction rate for lyophobic carbon

catalyst is higher than for lyophilic silica catalyst even though the bulk liquid oxygen con-

centration is less than 1% of saturated oxygen concentration for Pd/Carbon catalyst and

up to a maximum of 15% of saturated oxygen concentration for Pd/Silica catalyst. These

results cannot be explained by the classical GLS-model. The difference in reaction rates of

the carbon and silica catalysts can therefore only be explained by a higher reactivity of the

carbon catalyst at the GL-interface as described by the GS-model.

The results of the combined GLS-GS-model are shown in Figures 4.3a and 4.3b. The

GLS-GS-model adequately describes the experiments. The results of carbon and silica cat-

alysts at different oxygen partial pressure are shown in Figures 4.4a and 4.4b, respectively.

The lyophobic carbon catalyst has a higher reaction rate than the lyophilic silica catalyst.

For the carbon catalyst, the GS-model constitutes 90% of the total reaction rate. For the

3% Pd/Silica catalyst, the GLS and GS contributions in the combined model are equally

important.

For the 3% Pd/Carbon particles, the catalyst concentration at the GL-interface and the
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Figure 4.3: Experimental and fitted GLS-GS-model volumetric reaction rates for 3% Pd/Carbon
and 3% Pd/Silica catalyst particles as a function of mixing intensity and catalyst concentration.
Experimental conditions: P = 1 bar, pinlet

O2
= 0.182 bar, Cinlet

i,O2
= 0.173 mol m−3, T = 323 K, pH = 9,

Pd/Bi = 5 mol/mol, conversion = 0-90%. The GLS-GS-model parameters are shown in Figures 4.6
and 4.7.

bubble area coverage are shown in Figures 4.5a and 4.5b. The total GL-interfacial area

increases with mixing intensity. The amount of catalyst particles at the GL-interface in-

creases with mixing intensity but the bubble area coverage (aGS
l /al) decreases with mixing

intensity. For the 3% Pd/Silica particles, the catalyst concentration at the GL-interface and

the bubble area coverage are shown in Figures 4.5c and 4.5d. The bubble area coverage

for the silica catalyst is much lower than for the carbon catalyst. Concurring to the carbon

particles case, the bubble area coverage for the silica catalyst decreases with mixing inten-

sity.

The PBA equilibrium parameter, KPBA, for carbon and silica catalysts is shown in Fig-

ures 4.6a and 4.6b as a function of mixing intensity. For a gas hold-up below 0.05 vol%,

Vinke et al. (1993) and van der Zon et al. (1999) determined the PBA equilibrium parameter

with flotation experiments in a stirred reactor and a bubble pick-up unit, respectively. This

is the first time the PBA equilibrium parameter is determined in a gas-inducing stirred re-

actor from low to high mixing intensity (500-1500 rpm). For lyophobic carbon particles, the

PBA equilibrium parameter is 10-20 times higher than for lyophilic silica particles. Con-

curringly, Vinke et al. (1993) found a PBA equilibrium parameter for Pd/Carbon particles

that was 10-30 times higher than for Pd/Alumina (modified lyophobicity) particles. The

PBA equilibrium parameter for the silica supported catalyst is less accurate as the GLS-

model accounts for 60% of the reaction rate. The adhesion of particles to the GL-interface

is a balance between gravity force, buoyancy force, particle-to-bubble adhesive force, cap-
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Figure 4.4: Experimental and predicted GLS-GS-model volumetric reaction rates for 3%
Pd/Carbon and 3% Pd/Silica catalyst particles as a function of outlet gas phase oxygen concen-
tration. The mixing intensity is 8.72 kW m−3

l , catalyst concentration is 1 kg m−3
l , the star symbol

is extracted from Figure 4.3. For 3% Pd/Carbon particles, the GLS-GS-model parameters are: KPBA

= 13.3 m3 kg−1, kGS
l = 1.1×10−3 m s−1, aGS

l /al = 0.81 (-), Ccat,i = 0.43 kg m−3
l , φ = 29.95 (-),

and η = 0.146 (-). For 3% Pd/Silica particles, the GLS-GS-model parameters are: KPBA = 0.92 m3

kg−1, kGS
l = 0.54×10−3 m s−1, aGS

l /al = 0.34 (-), Ccat,i = 0.33 kg m−3
l , φ = 72.9 (-), and η = 0.029

(-).

illary pressure (Vinke et al., 1991), and drag force: Fbuoy + Fadh = Fg + Fc + Fdrag. The

buoyancy and adhesive forces are a function of the physical properties of the catalyst and

the GLS-system. They are constant for a particular system. The adhesive force increases

with catalyst lyophobicity (Vinke et al., 1991). The gravity force increases with bubble

area coverage whereas the drag force increases with mixing intensity. Probably, the higher

turbulence intensity sweeps the adhered carbon particles from the GL-interface. Conse-

quently, the PBA equilibrium parameter decreases with mixing intensity.

For carbon and silica particles, the mass transfer coefficient during reaction, kGS
l , ver-

sus mixing intensity is shown in Figures 4.7a and 4.7b. For the carbon particles, the mass

transfer coefficient during reaction is six times higher than the mass transfer coefficient for

the pure liquid, in agreement with Ruthiya et al. (2003a). For the silica particles, the mass

transfer coefficient during reaction is approximately twice the mass transfer coefficient for

the pure liquid. The lyophobic carbon particles adhere more strongly to the GL-interface

than the lyophilic silica particles. Therefore, the liquid film between the carbon particles

and the gas bubble is much thinner than for the silica particles or the fraction of bubble

surface not covered by liquid is higher for carbon particles than for silica particles.
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(c) 3% Pd/Silica catalyst
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(d) 3% Pd/Silica catalyst

Figure 4.5: GLS-GS-model results of catalyst concentration at the GL-interface and bubble area
coverage for 3% Pd/Carbon and 3% Pd/Silica catalyst particles as a function of mixing intensity
and total catalyst concentration in the gas-inducing stirred slurry reactor.

Vinke et al. (1991) considered the boundary layer thickness between the bubble and

the adhered particle to be half of the particle diameter, which is approximately 20 µm for

the particles considered in this paper. From the estimated mass transfer coefficient during

reaction, the minimum boundary layer thickness (Dm/kGS
l ) is approximately 1 µm and the

maximum boundary layer thickness (Dm/kl) is approximately 25 µm.



110 Chapter 4

5 10 15 20 25 30

5

10

15

20

25

30

35

40

P V
l
−1 (kW m

l
−3)

K
P

B
A
 (

m
3  k

g−
1 )

0

GLS−GS−model
Sensitivity a

l
, ±20%

Sensitivity k
l
, ±100%

Sensitivity m, ±1000%
Sensitivity k

r
, ±1000%

(a) Carbon catalyst

5 10 15 20 25 30

2

4

6

8

P V
l
−1 (kW m

l
−3)

K
P

B
A
 (

m
3  k

g−
1 )

0

GLS−GS−model
Sensitivity a

l
, ±20%

Sensitivity k
l
, ±100%

Sensitivity m, ±1000%
Sensitivity k

r
, ±1000%

(b) Silica catalyst

Figure 4.6: GLS-GS-model results of the PBA equilibrium parameter at the GL-interface for 3%
Pd/Carbon and 3% Pd/Silica catalyst particles as a function of mixing intensity in the gas-inducing
stirred slurry reactor. A sensitivity analysis for the indicated parameters is also shown in the figure.
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Figure 4.7: GLS-GS-model results of the mass transfer coefficient during reaction at the GL-
interface for 3% Pd/Carbon and 3% Pd/Silica catalyst particles as a function of mixing intensity in
the gas-inducing stirred slurry reactor. A sensitivity analysis for the indicated parameters is also
shown in the figure.
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The sensitivity of the mass transfer coefficient during reaction and the PBA equilib-

rium parameter to the parameters kl, al, m, and kr is shown in Figures 4.7a and 4.7b and

Figures 4.6a and 4.6b, respectively. The parameter kl was multiplied or divided by 2, al

was multiplied or divided by 1.2, and m and kr by 10. The mass transfer coefficient during

reaction is not sensitive to kl, m nor kr within ±5%. However, it is obviously very sensitive

to al. The PBA equilibrium parameter is also only sensitive to al.

4.6 Conclusion and outlook

1. 3% Pd/Carbon catalyst particles show a higher reaction rate than 3% Pd/Silica cata-

lyst particles at mass transport limited conditions in a gas-inducing stirred slurry re-

actor. The particle-to-bubble adhesion is more pronounced for the carbon-supported

catalyst than for the silica-supported catalyst.

2. The combined GLS-GS-model adequately describes the experimentally observed re-

sults. The two fitting parameters in the combined model are the PBA equilibrium pa-

rameter and the mass transfer coefficient during reaction. For the carbon-supported

catalyst, the GS-model governs 90% of the overall rate of reaction. For the silica-

supported catalyst, the GS-model governs 40% of the overall rate of reaction.

3. The bubble area coverage by catalyst particles decreases with mixing intensity.

4. The amount of catalyst at the GL-interface per unit volume of reactor increases with

mixing intensity because of the increase of the total interfacial area.

5. The mass transfer coefficient during reaction increases with mixing intensity. It is

higher for lyophobic carbon particles than for lyophilic silica particles.

6. The PBA equilibrium parameter decreases with increasing mixing intensity. The

PBA equilibrium parameter is much higher for the carbon-supported catalyst than

for the silica-supported catalyst.

The GS-model also adequately describes the reaction rate in a surface aeration reactor

with a flat GL-interface (Ruthiya et al., 2003a) and is expected to be valid for slurry bubble

columns as well. The results can be used to develop rules to modify the surface properties

of the catalyst support to improve the catalyst efficiency and, consequently, slurry reactor

performance.

4.7 Nomenclature

al = specific surface area of bubble per unit volume of liquid, m2 m−3
l

as = specific surface area of particle per unit volume of liquid, m2
c m−3

l

A = Hamaker constant, J

Ccat = total amount of catalyst per unit volume of liquid, kgc m−3
l
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Ccat,b = amount of catalyst in the bulk liquid per unit volume of liquid, kgc m−3
l

Ccat,i = amount of catalyst at the GL-interface per unit volume of liquid, kgc m−3
l

Ci = dissolved oxygen concentration at liquid side of GL-interface, mol m−3
l

Cl = dissolved oxygen concentration in the bulk liquid, mol m−3
l

Cs = dissolved oxygen concentration in the liquid filled catalyst particles, mol m−3
c

dI = impeller diameter (0.046), m

Dm = molecular diffusivity of oxygen in the liquid (2.76 ×10−9), m2 s−1

De = effective diffusivity calculated from Dmεp/τt (5.8×10−10), m2 s−1

dp = average catalyst particle diameter, m

FECO = dispersion of active metal Pd at the catalyst surface, -

H = Henry coefficient (108.32), kPa mol−1 m3

kl = GL mass transfer coefficient, m s−1

kGS
l = GS mass transfer coefficient during reaction, m s−1

kr = intrinsic reaction rate constant, m3 mol−1
Pd s−1

ks = liquid-solid mass transfer coefficient (2.4 - 4.5)×10−4 for 400-1500 rpm, m s−1

KPBA = PBA equilibrium parameter, m3 kg−1

Lt = weight specific Pd surface atoms calculated as WPd

MPd
FECO, mol kg−1

c ,

m = partition coefficient, m3
l m−3

c

NI = impeller rotation speed, rpm

Np = impeller power number (5), -

NPBA = number of particles per unit area of G-L interface, m−2

P = power induced by stirrer (NpρlN
3
I d5

I), kW

pO2
= oxygen partial pressure in the outlet of the reactor, kPa

r = radial distance, m

Rv(r) = local volumetric reaction rate at any specific radial location, mol m−3
c s−1

< rv > = particle average volumetric reaction rate, mol m−3
c s−1

Rv = overall volumetric reaction rate, mol m−3
l s−1

Greek

δGS
l = average distance between catalyst particle and gas bubble, m

∆Hi = heat of immersion, mJ m−2

εp = particle porosity, -

φ = Thiele modulus, -

η = effectiveness factor, -

ρp = particle density, kgc m−3
c

τt = tortuosity, assumed to be 3.2, -

ξ = coverage of GL-interfacial area by particles (aGS
l /al), -

ξmax = maximum coverage of GL-interfacial area by particles (0.91), -

Abbreviations

GLS = gas-liquid-solid

GS = gas-solid
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GL = gas-liquid

PBA = particle-to-bubble adhesion
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Chapter 5

Detecting regime transitions in slurry

bubble columns using pressure time

series

Parts of this chapter are excerpts from:

• Ruthiya, K.C., Chilekar, V.P., Warnier, M.J.F., van der Schaaf, J., van Ommen, J.R.,

Kuster, B.F.M., Schouten, J.C., Detecting regime transitions in slurry bubble columns

using pressure time series, AIChE J., Accepted, (2005).

Abstract

In this chapter, it is proposed to use the changes in the coherent standard deviation and

in the average frequency of measured pressure time series with gas velocity as unique

and unambiguous criteria to mark flow regime transitions in slurry bubble columns. In

a 2-dimensional slurry bubble column, pressure time series are measured at different gas

velocities simultaneously with high speed video recording of the gas-liquid flow. The fre-

quency of occurrence and the average diameter of the large bubbles are determined from

video image analysis. The gas velocity where the first large bubbles are detected, with

an average diameter of 1.5 cm and with a frequency of occurrence of 1 bubble per sec-

ond, is designated as the first regime transition point (transition from the homogeneous

regime to the transition regime). At this point, the coherent standard deviation of the

measured pressure fluctuations clearly increases from zero. The gas velocity where the

average diameter and the frequency of occurrence of the large bubbles become constant,

is designated as the second regime transition point (transition from the transition regime

to the heterogeneous regime). From this point onwards, the slope of the coherent stan-

dard deviation of the measured pressure fluctuations clearly decreases with gas velocity,

while the average frequency becomes constant. These clear changes with gas velocity in

the coherent standard deviation and in the average frequency are also demonstrated in a

3-dimensional slurry bubble column.

Keywords: Slurry bubble column, Regime transition, Imaging, Pressure fluctuations,

Average frequency, Coherent standard deviation.
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5.1 Introduction

Proper design and scale-up of slurry bubble columns largely depend on the accurate pre-

diction of the gas hold-up. For example, mass and heat transfer depend strongly on the

(local) fluid dynamics and are mostly quantified through correlations in which the gas

hold-up plays an important role. It is well-known that the gas hold-up in slurry bubble

columns depends on the gas velocity and many quantitative correlations can be found in

literature (Deckwer and Schumpe, 1993; Koide, 1996). Some of these gas hold-up versus

gas velocity correlations contain a transitional gas hold-up (εtrans) at a corresponding tran-

sition gas velocity (utrans) to properly describe the dependence of gas hold-up on gas ve-

locity. The εtrans and utrans mark the transition between the so-called homogeneous flow

regime and the heterogeneous flow regime. Most correlations in literature (Reilly et al.,

1994; Wilkinson et al., 1992; Urseanu, 2000) describe this transition point as a function of

operating conditions, amongst which are pressure and column size.

However, this split-up of the gas-liquid slurry flow in only two flow regimes and one

transition point is actually an oversimplification. Nowadays, it is generally accepted that

three flow regimes with two flow regime transition points can be identified, viz., the ho-

mogeneous regime, the transition regime, and the heterogeneous regime. Detailed de-

scriptions of these regimes can be found in the literature (Lin et al., 1996; Boyer et al., 2002;

Krishna et al., 1999a; Mudde and van den Akker, 1999; Zahradnik et al., 1997; Ruzicka

et al., 2001a). By definition, the so-called first transition point separates the homogeneous

regime and the transition regime, while the second transition point separates the transi-

tion regime and the heterogeneous regime. Figure 5.1 gives a schematic view of the main

flow phenomena that are associated with these three flow regimes. Obviously, a proper

estimation of the gas hold-up in these flow regimes depends strongly on an accurate pre-

diction of the two transition points.

In literature, various experimental methods have been described to characterize flow

regimes and transition points in slurry bubble columns using analyses of pressure fluctu-

ation measurements, e.g.:

• statistical analysis (Drahos et al., 1991; Letzel et al., 1997; Vial et al., 2000),

• fractal and chaos analysis (Fan et al., 1990; Drahos et al., 1992; Letzel et al., 1997; Vial

et al., 2000, 2001; Lin et al., 2001; Olmos et al., 2003b),

• time-frequency analysis using wavelet transform (Bakshi et al., 1995; Vial et al., 2000;

Olmos et al., 2003a),

• auto-correlation function (Drahos et al., 1991; Vial et al., 2001),

• average cycle frequency (Kluytmans et al., 2001).

Of course, other flow regime transition methods based on the measurement of the gas

hold-up are also well-known (Richardson and Zaki, 1954; Zuber and Findlay, 1965; Wal-

lis, 1969; Sriram and Mann, 1977; Daly et al., 1992; Krishna and Sie, 2000; Ruzicka et al.,
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2001b). The detailed discussion is mentioned is section 5.10. However, these methods

suffer from a lack of accuracy due to the only very small differences between the slopes

of the ”εg versus ug” curve, when a transition happens. The slope changes gradually, and

not abruptly, which most often obscures the identification of the transition point.

Despite the ubiquity of literature on the topic, the detection of the two transition points

using pressure time series, in order to separate the three regimes, is still difficult. An im-

portant reason is that a universally accepted and unique experimental criterion to pinpoint

the transition points in slurry bubble columns is still lacking. This is largely due to the

fact that the analysis techniques mentioned above, almost all rely on the arbitrary choice

of specific parameters in the analysis method, and therefore give ambiguous transition

points. As a result of this, no significant improved understanding is obtained. Also some

of these methods are rather complicated, which hinders the interpretation of the results

(Drahos, 2003).

In this chapter, we will demonstrate that the changes in the coherent standard devia-

tion and the average frequency of pressure time series with gas velocity are simple and

unique indications of the two flow regime transition points in slurry bubble columns.

The coherent standard deviation clearly marks the first and the second regime transition

points, while the average frequency can be used additionally to confirm the second transi-

tion point. The coherent standard deviation and the average frequency can be calculated

from pressure time series using the Discrete Fourier Transform (DFT) technique. This

technique is straightforward and can be readily applied without the need of an arbitrary

choice of analysis parameters. Moreover, the dependence of the coherent standard devia-

tion and the average frequency on the gas velocity is closely related to the actual physical

flow phenomena in the slurry bubble column that are underlying the pressure fluctua-

tions. In particular, it will be demonstrated that the coherent standard deviation and the

average frequency in the regime transition points are closely associated with the size and

the frequency of occurrence of the large bubbles. At the first transition point, marking

the transition from the homogeneous to the transition regime, the first large bubbles are

detected. In the transition regime, from the first to the second transition point, the average

diameter and the frequency of occurrence of the large bubbles increase with gas velocity.

At the second transition point, marking the transition from the transition regime to the

heterogenous regime, these quantities become constant.

We present pressure time series measurements in a 2D slurry bubble column. The de-

pendence of the coherent standard deviation and the average frequency of these pressure

time series on the gas velocity will be shown. Simultaneously, the results of high speed

video imaging of the bubble flow behavior, viz., bubble diameter and frequency of oc-

currence of the large bubbles, will be clearly related to the pressure time series analyses.

Finally, we will show that the coherent standard deviation and the average frequency can

also be used to indicate the regime transitions in a 3D slurry bubble column.
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Figure 5.1: Schematic representation of the three flow regimes in slurry bubble columns. The
corresponding images captured from high speed video recordings are shown in Figure 5.5. The
wavelike motion of the fast bubble flow region in 2D columns becomes a spiral flow motion in 3D
columns.

In the next two sections, we will first describe briefly which physical phenomena gen-

erate pressure fluctuations in a slurry bubble column, and then give a short description of

the calculation of the coherent standard deviation and the average frequency of pressure

time series.

5.2 Physical phenomena underlying pressure fluctuations

Pressure fluctuations in slurry bubble columns can be divided in global and local pressure

fluctuations:
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(a) Sources of pressure fluctuations

(b) Characteristics frequencies of pressure fluctuations

Figure 5.2: Schematic representation of local and global pressure fluctuations present in slurry
bubble columns (this study) and the characteristics frequencies of different sources of pressure fluc-
tuations on the frequency spectrum (Drahos et al., 1991).

• Global pressure fluctuations are caused by bubble coalescence, bubble break-up,

bubble eruption, bubble formation, natural oscillations of the slurry suspension (Gluszek

and Marcinkowski, 1983), and column mechanical vibrations (Lamb, 1945). Global

pressure fluctuations generate pressure waves traveling upwards and downwards

from their origin. These pressure waves are measured almost instantaneously through-

out the entire column because of their high propagation velocity (> 50 m s−1) (Mal-

lock, 1910). Therefore, these global pressure waves are coherent and have a constant

time shift of nearly zero, when measured simultaneously at two different heights in

the column.

• Local pressure fluctuations are caused by liquid velocity fluctuations due to rising

gas bubbles, large eddies, turbulence, and gas hold-up fluctuations due to the pas-

sage of large gas bubbles. Abrupt changes in the liquid velocity occur when liquid

is dragged upwards by large bubbles or when large eddies move up or down in the

column. These pressure fluctuations travel with the velocity of the source itself (< 2

m s−1) and are only measured in the vicinity of the source. For example, gas bubbles

are formed at the distributor plate and change size, shape, and velocity as they rise
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in the column. These changes are not detected below or above the gas bubble. Con-

sequently, at higher measurement positions, the pressure fluctuations due to passing

gas bubbles are incoherent with the pressure fluctuations measured at the distributor

plate, where large bubbles are not yet present.

Thus, the coherence between a pressure time series measured at the distributor plate and

one measured at any other location in the column can be used to separate phenomena

related to fast-traveling pressure waves (with high coherence) from those resulting from

slow-traveling waves (with low coherence), such as rising large gas bubbles. This enables

the estimation of the large bubble size from pressure fluctuation measurements (Chilekar

et al., 2005; van der Schaaf et al., 2002), while also information can be obtained to charac-

terize flow regimes and to detect flow regime transitions, as we will demonstrate in this

chapter (see Figure 5.3).

Based on the study of Glasgow et al. (1984) and Drahos et al. (1991), Letzel et al. (1997)

identified the characteristic frequencies of the main pressure sources in bubble columns,

see Figure 5.2b. The frequency of the pressure signal caused by circulations of liquid is in

the range of 0.1-1 Hz and caused by small and large bubbles is in the range of 1-50 Hz,

and the turbulence frequency is beyond 50 Hz.

5.3 Spectral analysis of pressure time series

In this chapter, Discrete Fourier Transform (DFT) is used to calculate the coherent standard

deviation and the average frequency from pressure time series measured at the wall of

2D and 3D slurry bubble columns. DFT converts the pressure time series from the time

domain to the frequency domain (Randall, 1987). The Discrete Fourier Transform, Fx, of a

pressure time series measured at position x, Px, is defined as:

Fx(f) =
1

N

N−1
∑

n=0

Px(tn)e−j2πftn/N (5.1)

The Power Spectral Density (PSD) of a pressure time series measured at position x, Φxx, is

defined as:

Φxx(f) =
1

fs

Fx(f)F∗
x(f) (5.2)

where F∗
x is the complex conjugate of Fx, and fs is the sample frequency. The cross power

spectral density (CSD) is calculated from two pressure time series measured at positions

x and y as:

Φxy(f) =
1

fs

Fx(f)F∗
y (f) (5.3)

The value of the cross power spectral density will be high for a given frequency if the

Fourier transforms of both time series at that frequency have a constant phase shift: the

time series are coherent for that frequency. The cross power spectral density depends

on the power present in the PSDs of both pressure time series. The coherence can be

used to eliminate this dependence (Randall, 1987). For this purpose, the absolute value of
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the cross power spectral density is normalized with the square root of the PSDs of both

pressure time series. The square of this value is known as the coherence, γ2
xy, which ranges

from 0 to 1:

γ2
xy(f) =

Φxy(f)Φ∗
xy(f)

Φxx(f)Φyy(f)
(5.4)

The coherence can be used to separate local pressure fluctuations from global pressure

fluctuations. Just above the gas distributor plate, no large gas bubbles are present; they

are formed at higher positions in the column. Thus, at the gas distributor, predominantly

global pressure fluctuations are measured. Now, the coherence can be used to indicate

whether the phenomena generating global pressure waves are dominant, corresponding

to a high coherence, or whether the phenomena generating local pressure waves are domi-

nant, corresponding to a low coherence (Randall, 1987). A coherence of unity at frequency

f indicates that the PSDs of the pressure time series have a constant phase lag at that fre-

quency. The power in the PSDs at that frequency may be different. A coherence between

zero and unity at frequency f indicates the amount of power in the PSDs of the pressure

time series that has a constant phase lag. The coherence is zero for completely uncorre-

lated pressure time series.

The power in both time series can be expressed in terms of the coherent-output power

spectral density (COP) and the incoherent-output power spectral density (IOP), repre-

senting the PSDs due to global (correlated) pressure fluctuations and due to local (un-

correlated) pressure fluctuations, respectively (Chilekar et al., 2005; van der Schaaf et al.,

2002):

COPy(f) = γ2
xy(f)Φyy(f) (5.5)

IOPy(f) =
(

1 − γ2
xy(f)

)

Φyy(f) (5.6)

Equation 5.6 shows that the IOP at position y represents the power of the local pressure

fluctuations present in the pressure time series measured at position y. From the coherent-

output and incoherent-output PSDs, the coherent standard deviation, σc, and the incoher-

ent standard deviation, σi, can be calculated, according to Parseval’s theorem (Jenkins and

Watts, 1968) (i.e., the area under a PSD-curve is equal to the variance of the corresponding

pressure time series, σ2):

σ2
i =

∫ ∞

0

IOP(f)df (5.7)

σ2
c =

∫ ∞

0

COP(f)df (5.8)

The average frequency, f̄y of the pressure fluctuations at position y can be determined

from the PSD as:

f̄y =

∑

i fiΦyy(fi)
∑

i Φyy(fi)
(5.9)

where Φ(fi) is the power at frequency fi obtained from the PSD. The average frequencies
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of the coherent part and the incoherent part of the pressure time series are defined as:

f̄COP =

∑

i fiCOPy(fi)
∑

i COPy(fi)
(5.10)

f̄IOP =

∑

i fiIOPy(fi)
∑

i IOPy(fi)
(5.11)

In this paper, we will demonstrate that the coherent standard deviation, σc, and these

average frequencies can effectively be used to characterize flow regimes and detect flow

regime transitions. The two methods for detecting regime transitions are schematically

illustrated in Figure 5.3.

Fast Fourier Transform

NFFT = 128

Overlap = 0.75*NFFT

Window = ‘Hanning’

Detrending mode = ‘Linear’

Spectral resolution = 2*f
s
/NFFT

Gas hold-up

Equation (5.12)

PSD, Equation (5.2)

CSD, Equation (5.3)

Coherence

Equation (5.4)

Average frequency

Equation (5.9)

COP, Equation (5.5)

IOP, Equation (5.6)

Pressure time series

(f
s
 = 50 Hz)

Incoherent standard

deviation, Equation (5.8)

Regime transition point

(Ruthiya et al. 2005)

Regime transition points

(Ruthiya et al. 2005)

Liquid circulation velocity

(Future research)

Large bubble diameter

(Chilekar et al., 2005)

Coherent standard

deviation, Equation (5.7)

Figure 5.3: Algorithm of detecting regime transitions, liquid circulation velocity, and large bubble
diameter in slurry bubble columns using pressure time series. The calculation file is written in
Matlabr software 6.0 and can be downloaded from our website (www.chem.tue.nl/scr).

5.4 Experimental set up and procedure

The 2D slurry bubble column is schematically shown in Figure 5.4a. All experiments were

carried out with demi water and N2 gas at ambient pressure and temperature. A perfo-

rated plate sparger was used with a triangular pitch of 7 mm with 0.5 mm diameter holes.

Total number of holes in the sparger is 49. The dimensions of the sparger are 5×200×15

mm3 (height×width×thickness). The gas flow was controlled by mass flow controllers.
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Figure 5.4: Figure 3a shows a 2D perspex bubble column, dimension of thickness×width×height of
0.015×0.30×2.00 m3, with Druck pressure sensor connections located at heights of 0.025 m, 0.485
m, 0.835 m, and 1.185 m above the gas sparger for pressure time series measurements. Figure 3b
shows a 3D perspex bubble column, dimension of diameter×height of 0.19×4 m2, with Validyne
pressure sensor connections located at heights of 1.2 m and 1.7 m and Kistler pressure sensor
connections located at heights of 0.02 m, 1.3 m, 1.4 m, and 1.5 m above the gas sparger.
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The 3D slurry bubble column is schematically shown in Figure 5.4d. All experiments

were carried out with demineralized water and air at ambient conditions. A perforated

plate sparger was used with a triangular pitch of 7 mm with 0.5 mm diameter holes. To-

tal number of holes in the sparger is 550. The dimensions of the sparger are 170×5 mm2

(diameter×thickness). The gas flow was controlled by mass flow controllers.

Two different particle types were used: silica and carbon particles. The physical prop-

erties are given in Table 2.2. The particles were prewashed with demineralized water to

remove possible contamination. The particles were stored at 363 K to keep them dry. To

ensure that all particles were completely wetted prior to each measurement, the particles

were mixed with demineralized water for 45 min outside the column and a stabilization

time of 10 min was allowed inside the column, before each experimental reading. The

same batches of carbon and silica particles were used in the 2D and 3D columns.

5.4.1 Pressure time series

In the 2D column, pressure time series were recorded simultaneously with four fast dy-

namic pressure sensors (Druck PTX 1400, Druck Ltd., England) which measure the pres-

sure with respect to atmospheric pressure. They were mounted on the back plate of the

2D column as shown in Figure 5.4a. The local pressure signal was recorded for 120 s with

a sample frequency of 50 Hz. The combined non-linearity, hysteresis, and repeatability

accuracy of the Druck sensor is 0.25% of the full scale output (40 kPa).

In the 3D column, pressure time series were recorded with two dynamic pressure sen-

sors (Validyne DP15, Validyne Engineering Corporation, USA) connected at heights of 1.2

and 1.7 m above the distributor and with four dynamic pressure sensors with high pass fil-

ter (Kistler type 7261, Kistler Instrumente AG, Switzerland) connected at heights of 0.02 m,

1.3 m, 1.4 m, and 1.5 m, as shown in Figure 5.4d. The pressure time signals were recorded

for 120 s with a sample frequency of 100 Hz and filtered at 50 Hz using a Scadas II data ac-

quisition system (LMS, Breda, The Netherlands). The combined non-linearity, hysteresis,

and repeatability accuracy of the Validyne sensor is 0.25% of the full scale output (5.5 kPa).

The combined non-linearity, hysteresis, and repeatability accuracy of the Kistler sensor is

0.8% of the full scale output (set to 2 kPa). The Kistler pressure transducer measures the

pressure fluctuations relative to the average pressure with a repeatability error less than 2

Pa.

The power spectral density of the fluctuating part of the pressure signal was estimated

from a time series of 6000 points (using Matlabr 6.0), divided in segments of 128 points

each, using an overlap of 75% of this block length and a Hanning window to prevent edge

effects. The spectral resolution is 0.39 Hz over a frequency range of 0 to 25 Hz. Each block

was linearly detrended to prevent offset accumulation below the spectral resolution.
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5.4.2 Gas hold-up

The pressure difference between two pressure sensors was used to estimate the local gas

hold-up according to Equation 5.12:

εlocal
i,j =

(p̄j − p̄i)0 − (p̄j − p̄i)aerated

(p̄j − p̄i)0

where i,j = 1-4, j>i (5.12)

where i and j represent the pressure sensor positions on the column wall, and ε3,4 repre-

sents the total gas hold-up. The initial liquid height in the 2D column was between 1.2 and

1.4 m ensuring that the gas hold-up was independent of liquid height (only above 1 m)

in agreement with Kluytmans et al. (2001). The initial liquid height in the 3D column was

between 1.7 and 1.8 m to ensure that the gas hold-up was independent of liquid height

(only above 0.8 m) (Ruzicka et al., 2001a).

5.4.3 High speed video imaging

A high shutter speed Dalsa CA-D6 video camera (Tech5, The Netherlands) was used to

record video images at a frame rate of 955 Hz, at a height of 58 cm above the sparger

in the 2D bubble column. The frame size was 0.3m×0.3m with a resolution of 256×256

pixels. It was used to determine the average large bubble size, the frequency of occurrence

of large bubbles, and the bubble rise velocities in the 2D bubble column. The recorded

video images were processed and analyzed with image processing software developed at

our laboratory (Kluytmans, 2003) based on Matlabr software. A total of 58 movies were

recorded for a silica particle slurry in the concentration range of 0.25 to 5.0 g l−1, and a

total of 60 movies were recorded for a carbon particle slurry in the concentration range of

0.1 to 1.0 g l−1. Further details of the image analysis software and the video movies are

described in Appendix A in Chapter 7.

5.5 Experimental results

5.5.1 2D slurry bubble column

Figure 5.5 shows typical pressure fluctuations around the average pressure (sensor P3, 2D

column) and the corresponding video snapshots at five different gas velocities for the silica

particle slurry, corresponding to the three flow regimes and the two transition points. For

each gas velocity, the image is a representative frame out of 10,000 frames. The following

observations are made:

• In the homogeneous regime (Figure 5.5 A), the diameter of the gas bubbles is approx-

imately 3 to 10 mm. Only these small gas bubbles generate pressure fluctuations as

they rise upwards in the column. The amplitude of the pressure signal is small (σ

= 36 Pa at ug = 0.045 m s−1). In the video, liquid phase circulations and clusters of

small bubbles are already observed. The liquid moves upward in the center of the

column and downward at the wall.
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A: Homogeneous regime,
weak liquid phase circulation,
small bubble clusters,
ug = 0.045 m s−1,
εg = 0.162 (-),
εsmall = 0.162 (-),
εlarge = 0.0 (-),
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A → B: First transition point,
first large bubble ≈ 15 mm,
ug = 0.071 m s−1,
εg = 0.192 (-),
εsmall = 0.174 (-),
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B: Transition regime,
interacting large bubbles,
ug = 0.103 m s−1,
εg = 0.189 (-),
εsmall = 0.151 (-),
εlarge = 0.038 (-),
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B → C: Second transition point,
constant large bubble diameter,
constant frequency of occurrence,
ug = 0.120 m s−1,
εg = 0.180 (-),
εsmall = 0.148 (-),
εlarge = 0.032 (-),
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C: Heterogeneous regime,
strong liquid phase circulation,
multiple interacting large bubbles,
ug = 0.271 m s−1,
εg = 0.233 (-),
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Figure 5.5: Video images captured between 58 and 88 cm above the sparger between the positions
of pressure sensors P2 and P3 and typical pressure fluctuations around the average pressure from
the pressure sensor P3 for a 2 g l−1 silica slurry in a 2D slurry bubble column. Image size is 30×30
cm2.
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• At the first transition point (Figure 5.5 A→B), the first large bubbles of approximately

15 mm are detected with a low frequency of occurrence. The amplitude of the pres-

sure signal is still small (σ = 136 Pa).

• In the transition regime (Figure 5.5 B), the diameter and the frequency of occurrence

of the large gas bubbles increase strongly with increasing gas velocity. The amplitude

of the pressure signal increases (σ = 413 Pa at ug = 0.103 m s−1). The liquid phase

circulations are more intense.

• At the second transition point (Figure 5.5 B→C), the large bubble size reaches an

equilibrium diameter of approximately 50 mm and the frequency of occurrence also

levels off. The amplitude of the pressure signal increases (σ = 565 Pa).

• In the heterogeneous regime (Figure 5.5 C), the amplitude of the pressure fluctua-

tions increases to high values (σ = 980 Pa at ug = 0.224 m s−1). These high values are

caused by very large liquid circulations and large gas bubbles.

The PSDs of pressure time series for demineralized water and carbon particle slurry

systems are shown in Figures 5.6a and 5.6b. The dotted lines in the figure represent the

power at intermediate gas velocities. In the homogeneous regime, the power in the PSD

increases uniformly over a complete frequency range as a function of gas velocity. Only

the power in the PSD at frequencies lower than 2 Hz exceeds the noise level of approxi-

mately 10 Pa2/Hz. A broad peak is present around 10 Hz, where the power increases from

10 to 100 Pa2/Hz with a gas velocity increase from 0.01 to 0.07 m s−1. For the same gas

velocity increase, the power at around 0.5 Hz (the spectral resolution is 0.39 Hz) increases

from 2 to 500 Pa2/Hz. This power is present in the pressure signals at all sensor locations.

This may correspond to noise and/or liquid circulations and hold-up fluctuations at the

low frequency range of 0 to 1 Hz (Drahos et al., 1991). The power is lower at position P1

than at the other locations, especially for higher gas velocities. In the transition regime,

the power increases rapidly first at the lower frequencies (below 4 Hz), followed by an

increase at the higher frequencies (7 to 12 Hz). In the heterogeneous regime, a constant

distribution of power over all frequencies is observed. The average frequency calculated

from the PSD is shown in Figure 5.7 for demineralized water and carbon particle slurry.

The average frequency first decreases with increasing gas velocity, attains a minimum at

ug = 0.07 m s−1, and then increases up to a constant value of 8 Hz till ug = 0.12 m s−1, with

increasing gas velocity (see also Figure 5.12).

The coherence between the pressure time series measured with sensor P1 and sensor

P3 is calculated for all gas velocities using Equation 5.4. For very low gas velocities, ug <

0.03 m s−1, there is a moderate coherence, up to 0.25 (-) for a frequency range of 5 to 15 Hz

and up to 0.4 (-) for a frequency range of 20 to 25 Hz for sensor P3 with respect to sensor

P1. This coherence is possibly due to small fluctuations in the liquid circulation velocity

or by small gas bubble formation. Once the gas velocity is increased and more bubbles

are present, the coherence of the measured pressure fluctuations at these frequencies has a

negligible influence on the PSD. For ug > 0.07 m s−1, there is a high coherence up to 0.6 (-)
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at a frequency range of 2 to 4 Hz. From the coherence and the PSD, the IOPs and COPs are

calculated for sensor P3 for each gas velocity (Figures 5.8a and 5.8b). The coherent and in-

coherent standard deviations and the average frequency against gas velocity are affected

by the amplitude of the power in the PSD, IOP and COP, results of which are shown in

Figure 5.9.

The average large bubble diameter and the frequency of occurrence of the large bub-

bles are calculated from the video recordings (Figure 5.10). The gas hold-up versus gas

velocity as a function of silica particle concentration is shown in Figure 5.15a. Similar

results are also obtained for carbon particle slurries. The gas hold-up decreases with in-

creasing particle concentration, which is attributed to the coalescence promotion by the

added particles.

5.5.2 3D slurry bubble column

For the 3D slurry bubble column, the PSDs of pressure time series for demineralized water

and carbon particle slurry are shown in Figures 5.11a and 5.11b. The dotted lines in the

figure represent the power at the intermediate gas velocities. A more accurate Kistler

pressure sensor was used with a noise level of approximately 0.1 Pa2/Hz. A broad peak

is present around 10 Hz, where the power increases from 7 to 100 Pa2/Hz with a gas

velocity increase from 0.01 to 0.08 m s−1. For the same gas velocity increase, the power

at around 0.5 Hz increases from 2 to 1000 Pa2/Hz. In the transition regime, the power

increases rapidly first at the lower frequencies (below 4 Hz) followed by an increase at the

higher frequencies (7 to 12 Hz). In the heterogeneous regime, a constant distribution of

power over all frequencies is observed. The average frequency calculated from the PSD is

shown in Figures 5.12a and 5.12b for demineralized water and carbon particle slurry. The

average frequency first decreases with increasing gas velocity, attains a minimum at ug =

0.07 m s−1, stays at the same minimum for a while, and then increases from ug = 0.10 m s−1

up to a constant value of 5 Hz, with increasing gas velocity. Where the average frequency

starts increasing from its minimum, the gas hold-up attains a local maximum. Where the

average frequency becomes constant and does not increase further with gas velocity, the

gas hold-up attains a local minimum. From the coherence and the PSD, the IOPs and

COPs are calculated for the pressure time series measured with sensor P3 for each gas

velocity (Figures 5.13a and 5.13b). The coherent and the incoherent standard deviations of

pressure fluctuations are shown in Figures 5.14a and 5.14b, respectively. The gas hold-up

versus gas velocity as a function of silica particle concentration is shown in Figure 5.15b.

Similar results are also obtained for carbon particle slurries. The gas hold-up decreases

with increasing particle concentration, which is attributed to the coalescence promotion

by the added particles.
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Figure 5.6: Semilog plot of the power spectral density against frequency as a function of superficial
gas velocity in a 2D (slurry) bubble column.
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Figure 5.7: Gas hold-up and average frequency of measured pressure time series against superficial
gas velocity measured in a 2D slurry bubble column for carbon and silica particle slurries. The
average frequency of IOP and COP against gas velocity is also shown for sensor P3.
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Figure 5.8: Semilog plot of the incoherent output power (IOP) and the coherent output power
(COP) against frequency as a function of superficial gas velocity for 0.5 g l−1 carbon particle slurry
in a 2D slurry bubble column.

0 0.05 0.1 0.15 0.2 0.25 0.3
0

100

200

300

400

500

600

700

800

σ co
he

re
nt (

P
a)

P2 at 0.485 m
P3 at 0.835 m
P4 at 1.185 m
Gas hold−up

ε g (
−

)

u
g
 (m s−1)

0

0.04

0.08

0.12

0.16

0.2

0.24

0.28

0.32

Decreases with height 

(a) Coherent standard deviation

0 0.05 0.1 0.15 0.2 0.25 0.3
0

200

400

600

800

u
g
 (m s−1)

σ in
co

he
re

nt (
P

a)

P2 at 0.485 m
P3 at 0.835 m
P4 at 1.185 m

Increases with height 

(b) Incoherent standard deviation

Figure 5.9: The standard deviation of the incoherent output power (IOP) and coherent output
power (COP) against superficial gas velocity for 0.5 g l−1 carbon particle slurry in a 2D slurry
bubble column. At ug = 0.06 m s−1, the coherent standard deviation starts increasing, which is
referred to as the first transition point.
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Figure 5.10: Average large bubble diameter and frequency of occurrence of large bubbles calculated
from the image analysis. The average frequency from the PSD of measured pressure time series
is also given to compare its behavior with the frequency of occurrence of large bubbles. The data
is calculated from 26 movies for 0.3-0.5 g l−1 carbon particle slurry. The solid line represents the
large bubble diameter correlation for 3D bubble columns from Krishna et al. (1999b).

Table 5.1: The transition gas velocity and corresponding transition gas hold-up at the first transi-
tion point based on the coherent standard deviation of pressure time series for demineralized water,
silica and carbon particle slurries in the 2D and 3D slurry bubble columns (1 bar, 295 K).

2D column utrans εtrans 3D column utrans εtrans

- (m s−1) (-) - (m s−1) (-)

Demi. water 0.060 0.170 Demi. water 0.090 0.280
0.5 g l−1 carbon 0.063 0.168 0.5 g l−1 carbon 0.090 0.270
1 g l−1 carbon 0.060 0.170 1 g l−1 carbon 0.085 0.250
2 g l−1 carbon 0.055 0.174 2 g l−1 carbon 0.080 0.240
4 g l−1 carbon 0.055 0.177 5 g l−1 carbon 0.070 0.208
0.5 g l−1 silica 0.060 0.189 0.5 g l−1 silica 0.090 0.260
1 g l−1 silica 0.063 0.187 1 g l−1 silica 0.085 0.261
2 g l−1 silica 0.063 0.193 2 g l−1 silica 0.080 0.250
5 g l−1 silica 0.060 0.187 5 g l−1 silica 0.070 0.212



132 Chapter 5

5.6 Flow regimes and transition points

In this section, it is demonstrated how the coherent standard deviation and the average

frequency of pressure time series can be used to uniquely pinpoint the transitions between

the homogeneous and the transition regimes (first transition point) and between the tran-

sition and the heterogeneous regimes (second transition point). In this way, clear criteria

are obtained to determine these transition points in 2D and 3D slurry bubble columns.

First, the 2D slurry bubble column data will be discussed, followed by the 3D slurry bub-

ble column results.

5.6.1 2D slurry bubble column

Homogeneous regime

In the homogeneous regime, from video recordings in the 2D column, it is found that

at ug < 0.02 m s−1, the small bubbles (3-8 mm diameter) in the column are uniformly dis-

tributed. With increasing gas velocity, the small bubbles start to form clusters (Figure 5.5a).

These small bubble clusters have also been reported earlier (Lapin and Lubbert, 1994; Lin

et al., 1996) and are formed as a result of local liquid circulation patterns (Zahradnik et al.,

1997). At ug = 0.06 m s−1, the small bubble clusters consist of approximately 20-30 small

bubbles, some of which coalesce to form single non-interacting large bubbles (approxi-

mately 15 mm diameter), see also Figure 5.10. In this regime, the small bubbles generate

power in the PSD specifically at higher frequencies in the range of 10-25 Hz (Figures 5.6a

and 5.6b). Therefore, initially a high average frequency is observed (Figure 5.7). The aver-

age frequency decreases with gas velocity because of more power at the lower frequencies

due to the ever growing formation of small bubble clusters. Figure 5.9a shows the coherent

standard deviation and Figure 5.9b shows the incoherent standard deviation for pressure

sensors P2, P3, and P4 as a function of superficial gas velocity. For ug < 0.06 m s−1, σc is

constantly nearly zero while σi is only slightly greater than zero and increases with gas

velocity.

First transition point

In the homogeneous regime, the point where σc starts increasing (ug = 0.06 m s−1) cor-

responds to the appearance of the first large bubbles with a diameter of 1.5 cm. The

sigmoidal curve of the average large bubble diameter against gas velocity has a sharp

increase at this point (Figure 5.10). Therefore, this point is regarded as the first transition

point which marks the onset of the transition regime. At this first transition point, the

frequency of occurrence of the large bubbles is small (around 1 bubble per second). There-

fore, the contribution of the large bubbles to the power in the PSD is small and hence the

average frequency keeps on decreasing with gas velocity.
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Transition regime

In the transition regime, the amplitude of the pressure fluctuations increases with increas-

ing gas velocity (Figure 5.5), bubble coalescence and large bubble break-up start, the rise

velocity of the large bubbles increases, and the gas hold-up decreases. The formation of

large bubbles gradually overshadows the small bubbles pressure fluctuations. This is re-

flected in the change in the shape and the power in the PSD, as shown in Figures 5.6a to

5.6b. For demineralized water, the power in the PSD between ug = 0.06 and 0.10 m s−1 is

significantly different from the power at the lower and higher gas velocities. For slurries

of carbon and silica particles, the power in the PSD between 0.07 and 0.12 m s−1 is signif-

icantly different. The power and amplitude in the PSD in the frequency range of 2 to 4

Hz increase steadily with constant shape as the frequency of occurrence of large bubbles

increases (Figure 5.10). For the silica and the carbon particle slurries (concentration less

than 2 g l−1), the average frequency does not decrease further and attains a minimum at

approximately ug = 0.07 m s−1 (Figure 5.7). This minimum of the average frequency cor-

responds to the appearance of large bubbles of 2 to 3 cm diameter with a frequency of

occurrence of approximately 6 bubbles per second (Figure 5.10). It is observed that the gas

hold-up against gas velocity curve does not always attain a local maximum at the gas ve-

locity where the average frequency attains a minimum (Figure 5.7). At this minimum, the

average frequency is in the range of 6 to 8 Hz (Figure 5.7). At the minimum point in the

average frequency, the power in the PSD increases rapidly with more power at the higher

frequencies (6 to 10 Hz) than at the lower frequencies (2 to 3 Hz) due to liquid velocity

fluctuations created by large bubbles (see incoherent part of average frequency in Figure

5.7b). Hence, the average frequency increases with increasing gas velocity in the transition

regime.

Figures 5.9a and 5.9b show that the coherent and the incoherent standard deviations

both increase rapidly with increasing gas velocity. The coherent standard deviation of the

pressure fluctuations of sensors P3 and P4 is lower than the coherent standard deviation

at sensor P2 with respect to sensor P1 in the distributor region. Apparently, the coherent

pressure waves are generated below pressure sensor P2 and are attenuated along with the

column height. The incoherent standard deviation of the pressure fluctuations of sensors

P3 and P4 is higher than the incoherent standard deviation at pressure sensor P2. Possibly,

the number of large bubbles passing at sensor position P3 is higher than at sensor position

P2.

Second transition point

In the transition regime, predominantly large bubbles (diameter 2-5 cm) are present, how-

ever, their maximum size is still not reached as is shown in Figure 5.10. The frequency of

occurrence of these large bubbles is 10 to 15 bubbles per second. At ug = 0.12 m s−1, the

average large bubble diameter and the frequency of occurrence of large bubbles become

constant. This point is designated as the second transition point. The average diame-

ter and the frequency of occurrence of large bubbles increase to 5 cm and 13 bubbles per
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second, respectively, and become constant after this second transition point. This second

transition point is marked by the average frequency and the coherent standard deviation

of pressure time series. At this transition point, the average frequency becomes indepen-

dent of gas velocity and the slope of the coherent standard deviation with gas velocity

decreases clearly. Also, the gas hold-up shows a local minimum. However, this is not gen-

erally observed for all the particle concentrations in this study (Figure 5.7). Although the

frequency of occurrence and the average diameter of large bubbles becomes constant, the

bubble rise velocity and coalescence and break-up rates are different. This determines the

hold-up of small bubbles. The observed increase in gas hold-up with gas velocity is due

to an increase in the number of small gas bubbles. The second transition point marks the

end of the transition regime and the start of the fully developed heterogeneous regime.

Heterogeneous regime

In the heterogeneous regime, frequent bubble break-up, bubble coalescence, and violent

liquid circulations are observed, which induce rapid gas dispersion. The equilibrium av-

erage large bubble diameter is approximately 5 cm and the frequency of occurrence is 13

bubbles per second (see Figure 5.10). For all measurement positions, the power in the PSD

shows large peaks at frequencies of 2-3 Hz and 6-10 Hz (Figures 5.6a and 5.6b). Since the

amplitudes of these two peaks in the PSD are proportionally increasing, the ratio of the

amplitudes is constant. Therefore, the average frequency is approximately constant with

a value between 6 and 9 Hz. The two peaks in the PSD are highly coherent and the coher-

ence increases with gas velocity. This means that the coherent sources of pressure waves

increasingly dominate the power in the PSD at 2-3 Hz and 6-10 Hz over the incoherent

sources. The main difference between IOP (Figure 5.8a) with its PSD (Figure 5.6b) is that

the coherent peak at 2-3 Hz or 6-10 Hz is not observed in the IOP and is present in the COP

(Figure 5.8b). Furthermore, the noise at approximately 0.4 Hz is still present in the IOP. At

high gas velocities however, it becomes less dominant. No other peaks are observed in the

IOP and the power decreases gradually with increasing frequency. From the high speed

video recordings observed in this study and the literature (Lin et al., 1996), the heteroge-

neous regime is classified in a four region flow: central plume region, descending liquid

flow region, vortical spiral flow region, and fast large bubble flow region.

5.6.2 3D slurry bubble column

In the 3D bubble column, the quantification of the large bubble diameter and its frequency

of occurrence is very difficult. Hence, the physical interpretation of the pressure time se-

ries in the 2D column, which has been validated by video image analysis, is also used in

the 3D bubble column.

In the homogeneous regime, the power in the PSD increases with gas velocity over the

complete range of frequencies. There is more power in the frequency range of 10 to 20 Hz

(Figure 5.11a). The minimum in the average frequency at ug = 0.07 m s−1 stays at the same
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minimum value up to ug = 0.10 m s−1 (see Figure 5.12). This is a remarkable difference be-

tween the 2D and the 3D bubble columns. Figure 5.14a shows that the coherent standard

deviation is nearly zero till ug = 0.09 m s−1. The point where the coherent standard devi-

ation increases sharply from a zero value is attributed to the first transition point. At this

point, the large gas bubbles are formed. Figure 5.14b shows that the incoherent standard

deviation increases slowly till ug = 0.09 m s−1 and afterwards increases sharply.

In the transition regime, the power in the PSD between ug = 0.10 and 0.15 m s−1 is sig-

nificantly different from the power in the PSD in the homogeneous regime. For slurries

of carbon and silica particles, the power in the PSD in the frequency ranges of 2-3 Hz

and 8-12 Hz increases steadily as the frequency of occurrence of large bubbles increases.

This increases the average frequency up to ug = 0.15 m s−1, beyond which it does not in-

crease further with gas velocity. Figure 5.14a shows that the coherent standard deviation

increases rapidly in this regime upon increasing the gas velocity. The slope of the coherent

standard deviation decreases at a gas velocity of 0.15 m s−1. Figure 5.14b shows that the

incoherent standard deviation does not increase as sharply as coherent standard deviation

of pressure fluctuations, secondly, the decrease of the slope is not clear. Therefore, the in-

coherent standard deviation of pressure fluctuations cannot be used for regime transition.

The point where the coherent standard deviation changes its slope and the average fre-

quency becomes constant is attributed to the second transition point, i.e., the start of the

fully developed heterogeneous regime.

In the heterogeneous regime, the power in the PSD in Figures 5.11a and 5.11b shows a

strong peak at a characteristic frequency of 2-3 Hz and 10-12 Hz. Since the amplitudes of

these two peaks in the PSD are proportionally increasing, the ratio of amplitudes of power

at any two frequencies becomes constant. Therefore, the average frequency remains ap-

proximately constant between 4-6 Hz. In this regime, the average maximum large bubble

diameter predicted by Krishna et al. (1999b) reaches approximately 4.5 cm, see Figure 5.10.

Summarizing, the coherent standard deviation is sufficiently able to distinguish the two

transition points and the three flow regimes in a 3D slurry bubble column.

For the 2D and the 3D slurry bubble column, in the heterogeneous regime, the coherent

standard deviation is linearly proportional to the gas velocity without any offset (σc ∝ ug),

see Figures 5.9a and 5.14a. The magnitude of liquid circulation is also proportional to

the gas velocity (Zuber and Findlay, 1965). This may indicate that the coherent standard

deviation is a measure of liquid velocity fluctuations which will be investigated in future

studies. Similarly, the incoherent standard deviation of pressure time series can be used

as a measure of the large bubble diameter (Chilekar et al., 2005). The average frequency

also appears to detect the first and second transition points. However, these transitions do

not always correspond to changes in the physical phenomena observed by video imaging.

Consequently, the average frequency is less suitable for the detection of transition points.
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Figure 5.11: Semilog plot of the power spectral density against frequency as a function of superficial
gas velocity in a 3D (slurry) bubble column.
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Figure 5.12: Gas hold-up and average frequency of measured pressure time series against superficial
gas velocity in a 3D (slurry) bubble column. The average frequency of the IOP and COP against
gas velocity is also shown using sensor P3.
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Figure 5.13: Semilog plot of the incoherent output power (IOP) and the coherent output power
(COP) against frequency as a function of superficial gas velocity for 0.5 g l−1 carbon particle slurry
in a 3D slurry bubble column.
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Figure 5.14: The standard deviation of the incoherent output power (IOP) and coherent output
power (COP) against superficial gas velocity for 0.5 g l−1 carbon particle slurry in a 3D slurry
bubble column. At ug = 0.09 m s−1, the coherent standard deviation starts increasing, which is
referred to as the first transition point.
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5.7 Gas hold-up in 2D and 3D slurry bubble columns

The gas hold-up against superficial gas velocity in the 2D and 3D bubble columns is shown

in Figures 5.15a and 5.15b for silica particle slurries. The gas hold-up in the 3D column in

the homogeneous regime and in the transition regime is significantly higher compared to

the gas hold-up in the 2D column. The arguments behind this high gas hold-up are, bubble

diameter, liquid circulations, and gas distributor, which are briefly discussed below:

• Bubble size and bubble rise velocity: The average large bubble diameter in the

2D bubble column is greater than the 3D bubble column, due to the flat rectangu-

lar geometry of the column which promotes bubble coalescence, see Figure 5.10.

For 3D bubble column, Krishna et al. (1999b) developed a large bubble diameter

correlation for low viscous fluids such as the air-water system used in this study:

db,large = 0.069(ug − utrans)
0.376. The utrans in this equation is predicted by an em-

pirical correlation described by Urseanu (2000), and is equal to 0.03 m s−1. The cor-

relation predicts a large bubble diameter of approximately 3 cm at ug = 0.15 m s−1.

A further increase in the large bubble diameter with gas velocity is not pronounced

as the average large bubble diameter is increased to only 4 cm at ug = 0.30 m s−1.

Due to a square-root dependency (ub,large = 0.71
√

gdb,large), the rise velocity of large

sized bubbles is higher in the 2D bubble column. The frequency of bubble break-up

rates by de Swart et al. (1996) is 10-15 s−1 for the 2D column and 10-30 s−1 for the 3D

column. Therefore, chances of bubble rising faster is higher in the 2D column.

• Liquid circulations: For both 2D and 3D columns, a thin layer of bubble-free de-

scending flow is detected in the region adjacent to the (side) walls. The slurry flow

has a vortical pattern (2D) or a vortical-spiral pattern (3D) in the region adjacent to

the descending flow region.

In the 2D bubble column, ’vortical structures’, i.e., rotating portions of liquid that are

coherent for quite some time, move from the top to the bottom, alternating along the

left and the right side of the column, explained quantitatively by Chen et al. (1994);

Pan et al. (2000), see Figure 5.1c. In between these structures, the bubbles move in

a meandering plume upwards to the free surface. Some bubbles are trapped in a

vortical structure and move downward with it. Eventually, the vortical structures

are squeezed close to the bottom. In other words, the drag between the bubble and

the liquid is higher due to the higher downward liquid velocity near the bubble sur-

face. In a time average sense, the liquid velocity is high and the strength of vortical

structure is less, thus, the large bubbles are escaped faster from this vortical liquid

circulations. Consequently, the gas hold-up decreases.

In the 3D bubble column, the vortical structures are also found. Here, the extra de-

gree of freedom causes a much more complicated flow (spiral motion of liquid along

the axial and the radial directions), see Figure 5.1d. Now the structures move up and

down and can be formed anywhere. In a time-averaged sense, the liquid velocity is

low and the strength and momentum of vortical structures is much higher than in

the 2D column. As a consequence, bubbles are dragged along with the flow and also
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move up and downwards. Consequently, the gas holdup is high in the 3D column

(Lin et al., 1996; Luo et al., 1999; Mudde and van den Akker, 1999).

• Gas distributor: The extent to which the homogeneous regime is stable depends on

the distributor design (Urseanu, 2000) at the entrance of bubbles and slurry concen-

tration (Krishna et al., 1997). In the 3D column, the perforated plate gas distributor

plate covers the complete cross section. In the 2D bubble column, the gas distrib-

utor covers only 66% of the column width. Consequently, a better gas distribution

is achieved in the 3D column than that in the 2D column. Thus, in the 2D column,

already a significant liquid circulation was present at low gas velocity, which de-

creases the gas hold-up. In the 3D column, this liquid circulation was also present,

but of a lower magnitude at low gas velocities.

From video recordings, the heterogeneous regime can be classified in four region flow:

central plume region, descending liquid flow region, vortical spiral flow region, and fast

large bubble flow region, as shown schematically in Figure 5.1c. This is in agreement with

Lin et al. (1996). The gas hold-up decreases in all the three regimes of the 2D and 3D slurry

bubble columns with the addition of carbon or silica particles as shown in Figure 5.15. This

is attributed to the coalescence promotion by the added particles and is discussed in detail

in Chapter 7.
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Figure 5.15: Gas hold-up against superficial gas velocity for demineralized water and silica particle
concentration in the 2D and the 3D slurry bubble column.
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Figure 5.16: Schematic representation of gas hold-up, average frequency, frequency of occurrence
of large bubbles, and coherent standard deviation against superficial gas velocity in the 2D and the
3D slurry bubble columns. The diameter and the frequency of occurrence of large bubbles in the 3D
column is not indicated. Symbols A, B, and C represents homogeneous regime, transition regime,
and heterogeneous regime, respectively.

5.8 Conclusions

This chapter presents a unique and unambiguous flow regime transition identification

method based on the coherent standard deviation and the average frequency of pressure

fluctuations in (slurry) bubble columns. The coherent standard deviation of pressure time

series, measured at two different locations in the column, is used to separate the global

pressure fluctuations that are present throughout the column from the local pressure fluc-

tuations that are directly related to rising large gas bubbles. The coherent standard de-

viation clearly marks the first and the second transition points. The average frequency

can be used to confirm the second transition point. The method of the coherent standard

deviation and the average frequency is also applied to pressure time series measured in a

3D slurry bubble column. The characteristics of flow regimes and regime transitions are

schematically shown in Figure 5.16a for the 2D and Figure 5.16b for the 3D slurry bubble

column:

• In the homogeneous regime, the diameter of the gas bubbles is approximately 4 to

8 mm. Only these small gas bubbles generate pressure fluctuations as they rise up-

wards in the column. In the video, liquid phase circulations and clusters of small

bubbles are already observed. The liquid moves upward in the center of the column

and downward at the wall. The coherent standard deviation of pressure time series

is zero and the average frequency of pressure time series decreases with increasing

gas velocity. The gas hold-up increases with gas velocity.
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• At the first transition point from the homogeneous to the transition regime, the first

large bubbles are detected, with a diameter of 1.5 cm and with a frequency of occur-

rence of one bubble per second. At this point, the coherent standard deviation of the

pressure time series increases from zero.

• In the transition regime, the diameter and the frequency of occurrence of the large

gas bubbles increases strongly with increasing gas velocity. The coherent standard

deviation of pressure time series increases with increasing gas velocity. The average

frequency attains a minimum and then increases with increasing gas velocity. The

gas hold-up attains a maximum at the minimum point in the average frequency and

then the gas hold-up decreases with increasing gas velocity.

• At the second transition point from the transition regime to the heterogeneous regime,

the average large bubble diameter and the frequency of occurrence of the large bub-

bles become constant. At this point, the slope of the coherent standard deviation

versus gas velocity decreases and the average frequency becomes constant. The gas

hold-up against superficial gas velocity attains a local minimum near this point.

• In the heterogeneous regime, the coherent standard deviation increases proportion-

ally with gas velocity and the average frequency is constant. The gas hold-up in-

creases with gas velocity.

Outlook

The coherent standard deviation of pressure time series should be calculated as a function

of gas velocity for various column diameters, at different column pressures, and for high

particle concentrations. Subsequently, following relationship can be developed which can

provide an important insight on the transition point: σc = a(ug − utrans)
bDc

cP
dεe

s, where

coefficients a, b, c, d, and e must be fitted. The liquid velocity should be measured for

various column diameters, at different column pressures, and for high particle concentra-

tions. The incoherent standard deviation of pressure time series should then be correlated

as function of liquid velocity. The coherent and the incoherent standard deviation can

also be used as a measure of warning in order not to carry out the operation of the slurry

bubble column in the transition regime for practical reasons.

5.9 Nomenclature

db = bubble diameter, m

dp = diameter of particle, m

Dc = column diameter, m

f = frequency, Hz

f̄ = average frequency, Hz

fs = sampling frequency, Hz
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Fx = Discrete Fourier transform (DFT), -

n = counter, -

N = number of frequency components, -

P = dynamic pressure, -

p̄x = average pressure of a pressure time series, -

t = time, s

ug = superficial gas velocity, m s−1

utrans = gas velocity at transition point, m s−1

Vl = liquid volume, m3

x = referred as position near the sparger in the bubble column, m

y = referred as any position in the bubble column, m

Greek

εg = volume fraction of gas per unit liquid volume, -

εtrans = volume fraction of gas bubbles at transition point, -

εs = volume fraction of solid particles, -

ρs = density of solid, kg m3

Φxx = power spectral density at measurement position x, Pa2/Hz

Φxy = cross power spectral density between measurement position x and y, Pa2/Hz

γ2
xy = coherence between measurement positions x and y, -

σc = coherent standard deviation, Pa

σi = incoherent standard deviation, Pa

σ = standard deviation, Pa

Abbreviations

2D = two dimensional (flat bubble column)

3D = three dimensional (cylindrical bubble column)

COP = Coherent Output Power, Pa2/Hz

CSD = Cross power Spectral Density, Pa2/Hz

DFT = Discrete Fourier Transform

IOP = Incoherent Output Power, Pa2/Hz

PSD = Power Spectral Density, Pa2/Hz

SBC = Slurry Bubble Column, -
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5.10 Appendix: Methods of regime identification

There is need for ”identification of the nature of dispersion and timely diagnostics of flow

regime” as a part of process monitoring (Villa et al., 2004) in industrial slurry bubble

columns for better design, scale-up criterion, and high pressure conditions. In the last

decade, several techniques were developed for multiphase flow analysis in gas-liquid and

gas-liquid-solid reactors (Boyer et al., 2002). While the ubiquity of such attempts in bubble

column research, there remains a noticeable lack of a firmly established criterion. Vari-

ous empirical and pressure fluctuation methods have been used to extract and quantify

information about a flow regime transition from the recorded signals, with a better perfor-

mance than the drift-flux analysis (Wallis, 1969). We will briefly summarize the published

empirical and pressure fluctuation methods:
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Empirical methods

1. Change in liquid height due to induced gas bubbles and dynamic gas disengagement

(DGD) technique were used to distinguish flow regimes. In both methods, the em-

pirical way to identify the flow pattern consists in measuring the gas hold-up against

the superficial gas velocity ”εg versus ug”, which exhibits either an extremum or a

significant break-up when transition occurs. A pronounced maximum is observed

in the transition region suggesting the development of the liquid macro-scale cir-

culation. However, the two mentioned methods does not clearly shown transition.

The transition is only clear when an efficient type of distributor (porous plate) in-

stead of a distributor (like a nozzle type) is used. Therefore, a more efficient method

of DGD introduced by Sriram and Mann (1977) used a pressure transducer located a

few centimeters below the non-aerated liquid height (Daly et al., 1992). The use of a

pressure transducer can also be applied in an industrial reactor. The disengagement

measurements enable to determine gas hold-up and the rise velocities of small and

large bubbles in the dispersion before flow interruption. Recently, the typical behav-

ior of DGD has been used by Krishna and Sie (2000, and author references cited in)

to develop a bimodal bubble size class model. Although it is a good tool to simulta-

neously analyze the hydrodynamic regime and the flow structure of the gas phase,

it does not provide a better view of transition compared to the visual methods. The

main drawback of the above-mentioned methods is the lack of general ability to de-

tect transition and the results are dependent on the reactor type.

2. ”Classical drift-flux analysis” of Richardson and Zaki (1954) consists of plotting ub,∞εg(1−
εg)

2.39 against εg. A change in flow pattern is indicated by a change of the slope of

this curve. Zuber and Findlay (1965) modified the classical drift flux theory for the

heterogeneous regime, which essentially consists of plotting ”ug/εg against ug + ul”

and is another way to determine the regime transition limits. The two linear fit pa-

rameters i.e., the slope and the y-intercept, may therefore justify that the drift flux

analysis is superior to εg versus ug analysis. The use of ug/εg against ug + ul plot

is not recommended for bubble columns, as it is often inaccurate when liquid flows

downwards near the wall. The liquid velocity is generally not measured though the

net liquid circulation velocity is zero and hence the method is more suitable for air-

lift reactors. Drift-flux analysis of Wallis (1969) consists of plotting ”ug(1− εg) versus

εg” for the homogeneous regime. Although this method generally provides a better

view of transitions, it has the same drawback as εg versus ug analysis. Both methods

suffer from a lack of accuracy because of small difference between the slope when

the transition occurs. A gradual change of slope instead of a sharp change obscure

the transition regime and transition point. It is also difficult to predict the end point

of the transition regime or the start of the fully developed heterogeneous regime.
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Pressure fluctuation methods

1. Statistical analysis: Statistical analysis of pressure-time series involves calculation of

the probability density function. In bubble columns, since the shape of probability

density function is always Gaussian, the discrimination between regimes must be

deduced from the moments of this distribution. Standard deviation is introduced in

order to overcome the disadvantage of moment analysis of the pressure fluctuations

(which is a function of column diameter, position and transducer type). However,

Drahos et al. (1991); Letzel et al. (1997) have found no information about regime

transition with standard deviation. The relative standard deviation (σ/µ) is a ratio of

the second moment to the first moment of the Gaussian distribution and is a measure

of intensity of pressure fluctuations. The observed value of σ/µ of 1.5 by Vial et al.

(2000) indicates an end of the homogenous regime. However, the mentioned value

of 1.5 is arbitrary and has no physical background.

2. Fractal analysis: Fan et al. (1990) were the first to apply fractal analysis in fluidized

bed reactors and Drahos et al. (1992) have used it for bubble columns. Both authors

have introduced three different fractal variables for analyzing pressure-time series:

(i) Hurst’s exponent, (ii) V-statistic parameter, (iii) Method of variations. The tran-

sition is characterized by a steep decrease of the Hurst exponent from 0.9 to 0.5.

V-statistic analysis does not give useful information about transition because bubble

columns do not exhibit an anti-persistent character (future of a pressure-time series

tends to oppose to its past) and no maximum is obtained from V-statistic analysis.

The variables do not clearly and accurately quantify the limit between regimes and

require high computational time.

3. Chaos analysis: Four chaotic invariants were introduced by Lin et al. (2001) to diag-

nose the non-linear, deterministic system of chaotic bubble column hydrodynamics:

(i) largest Lyapunov exponents, (ii) metric entropy, (iii) fractal dimension (correlation

dimension), and (iv) mutual information. Lin et al. (2001) have proposed a criteria

of flow regime transition using both experimental and chaotic measures. It is stated

that if the gas hold-up has a significant dive at higher superficial gas velocity, the

method can yield reasonable transition velocities. But for the case where the gas

hold-up steadily increases, this method fails. The invariants have no relevant physi-

cal meaning, while calculations are complex.

To estimate the transition point from pressure-time series in bubble column, Letzel

et al. (1997); Vial et al. (2000, 2001) employed (i) correlation dimension and (ii) Kol-

mogorov entropy. When a transition begins, both factors diminish steeply because

a liquid circulation pattern appears and structures the flow. This would correspond

to a decrease in the degrees of freedom of the system. At higher gas velocity, the

formation of large bubbles destroy this structure. When the heterogeneous regime

prevails, the factors have the same value as in the homogeneous regime. No new

insights seems to be obtained. For example, change of flow regime, which can be

clearly detected in power spectrum, will also manifest itself in the Hurst exponent
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or correlation dimension. As argued by van der Schaaf et al. (2004) for fluidized bed

reactors, these measures are virtually impossible to estimate from the highly irreg-

ular pressure-time series measured in slurry bubble column. They are difficult to

interpret, calculations are complex, and require large computational time.

4. Time-Frequency analysis: The use of wavelet transform is the most powerful way to

perform time-frequency and time-scale analysis. Bakshi et al. (1995) adopted multi-

resolution analysis of a local gas hold-up signal to identify flow regime in bubble

column. Short time Fourier transform, which is a local spectrum of the pressure-time

signal around time, is used. Although short time Fourier transform is a simple tool to

characterize the degree of unsteadiness of the signal, it cannot provide quantitative

information and accurate detection of transition. In wavelet analysis, the wavelet

is obtained from dilatations and translation. The obtained wavelet depend strongly

on the choice of the wavelet mother. Therefore, wavelet must be further explored

to extract intermittence from non-stationary pressure-time signal in bubble column

(Vial et al., 2000; Olmos et al., 2003a).

5. Auto-correlation function: A new method based on a theoretical analysis of the auto-

correlation function of wall pressure fluctuations has been proposed by Vial et al.

(2001). This function is closely related to the power spectral density (PSD), and was

obtained from the inverse Fourier transform of the PSD. The time phase is propor-

tional to the inverse of the dominant frequency in the PSD, and was already intro-

duced by Drahos et al. (1991). Neither the PSD nor the auto-correlation function

provide clear quantitative information about regime transition limits.

6. Average cycle frequency (ACF): ACF is directly related to the Kolmogorov entropy used

by Letzel et al. (1998) and is described by Kluytmans et al. (2001). The ACF is how-

ever, much quicker and easier to calculate. Using the ACF, the transition point be-

tween the homogeneous and the heterogeneous flow regimes is estimated from a

graph of the ACF of the measured pressure signal as a function of superficial gas

velocity. The ACF is defined as fc = nt/(2tm), where tm is the total measuring time

of pressure signal and nt is the number of times the pressure signal crosses its own

mean value. Although, ACF serve as an indication of regime transition, it does not

have a predictive capability to detect both the upper and lower limit of transition

regime. There is no physical meaning for the change in the bubble behavior associ-

ated with the minimum point in the ACF.

As the complexity of the analysis methods increases so does the interpretation of the re-

sults in terms of ”what significant new information do they bring” about the happening in

bubble column. No new insights nor improved understanding seems to be obtained as

also argued by Drahos (2003).
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Gas hold-up model for 2D slurry bubble

columns

Abstract

In this chapter, a simple hydrodynamic gas hold-up model is described for slurry bubble

columns. The bubbles are classified as small and large; small bubbles have a constant

rise velocity, the large bubble rise velocity is given by the Davies-Taylor equation. The

Wallis drift-flux model is used to calculate the small bubble hold-up with the bubble slip

velocity predicted by the Richardson-Zaki correlation. In the homogeneous and the het-

erogeneous regimes, the model contains two fitting parameters which provide estimations

of the upward liquid velocity. The gas hold-up model connects the homogeneous and the

heterogeneous regimes by a single transition point. The coherent standard deviation of

pressure time series is used to determine this transition point. Two types of gas-liquid

systems are chosen: air-demineralized water in a 2D bubble column (200 × 30 × 1.5 cm3)

and hydrogen gas-α-methyl styrene-cumene in a 2D bubble column (200 × 40 × 1 cm3).

Two types of catalyst supports are used: carbon and silica particles. For the aqueous sys-

tem, the influence of electrolyte is also studied. A new correlation for the average bubble

diameter and the frequency of occurrence of large bubbles is formulated for the 2D slurry

bubble column. The new gas hold-up model well describes the experimental gas hold-up

versus superficial gas velocity results at all particle and electrolyte concentrations.

Keywords: Gas hold-up; Slurry bubble column; Modeling; Hydrodynamics; Liquid

velocity; Transition point.

6.1 Introduction

Gas hold-up is one of the most important parameters for the design and scale-up of slurry

bubble column reactors. The gas hold-up and the average bubble diameter allow the de-

termination of the gas-liquid (GL) interfacial area for mass transfer. Gas hold-up in bubble

columns has been extensively studied in the last 50 years and more than 300 papers have

been published. Review papers by Deckwer and Schumpe (1993), Shah et al. (1982), Sax-

ena (1995), Koide (1996), and Joshi et al. (1998) give a systematic overview of gas hold-up

correlations. The review paper by Wild et al. (2003) discuss advantages and disadvantages

of various gas hold-up models. These reviews acknowledge that although individual re-
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searchers have been reasonably successful in correlating their own results, the variation

in the gas hold-up predictions of the various correlations is quite considerable. Reasons

for this incompatibility are: the complex nature of the hydrodynamics, the use of dif-

ferent experimental set-ups, the different column diameters, the distributor design, the

measurement technique, and the measurement analysis method. In this respect, it is very

important to develop a general gas hold-up model.

The gas hold-up model of Krishna et al., (Krishna et al., 1997, 1999, 2000) consists of

separate correlations for the homogeneous and the heterogeneous regimes. The model

is formulated based on the difference in the characteristics of ’dense’ and ’dilute’ phases.

The ’dense’ phase is identified with the liquid phase, catalyst particles, and the entrained

’small’ bubbles, whereas, the ’dilute’ phase consists of only the large bubbles. The small

bubbles tend to circulate with the liquid phase while the large bubbles tend to rise in a

plug flow manner. Krishna et al. used an empirical equation of Reilly et al. (1994) to de-

termine the transitional gas hold-up (εtrans) at the transitional gas velocity (utrans). The

large bubble rise velocity is related to the large bubble diameter, the scale factor (taking

into account the influence of the column diameter on rise velocity of the bubble swarm),

the acceleration factor (taking into account the mutual interactions of bubbles on the rise

velocity), and the density factor (taking into account the high pressure effect). The model

is comprehensively published in the thesis of Urseanu (2000).

The gas hold-up model of Ruzicka et al. (2001) is based on the hydrodynamic coupling

between gas and liquid phases using the bubble drift coefficient (Richardson and Zaki,

1954) and the liquid velocity (Zuber and Findlay, 1965). The regime transition is charac-

terized by a transition function and an intermittency factor. However, this intermittency

function is complex in nature (function of transitional gas hold-up, liquid velocity in the

homogeneous and heterogeneous regime) and has not been validated for slurry flow.

Kluytmans et al. (2003) in the gas hold-up modeling of a 2D bubble column with the 3D

model, questioned which characteristic column size (viz., column width or column thick-

ness) should be used. A sensitivity study was performed with the fit parameters in the 3D

model of Krishna et al. and the parameter that affect the gas hold-up most were adapted

accordingly. For example, the scale factor was assumed to be equal to 1, the acceleration

factor was not affected by the size of the 2D column, and a factor of 0.54 was used instead

of 0.71 in the rise velocity equation of Davies and Taylor (1950) for large bubbles. It was

concluded that the smallest column dimension (column thickness) affects the regime tran-

sition point whereas the largest column dimension (column width) affects the gas hold-up

in the heterogeneous regime. The adapted model, though, predicts the gas hold-up in the

heterogeneous regime reasonably well, the observed maximum and the decrease in the

gas hold-up in the transition regime and the gas hold-up in the homogeneous regime do

not agree.

In this chapter, a simple and transparent physical model of the hydrodynamic coupling
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between the gas and the liquid phases is proposed to describe the gas hold-up in slurry

bubble columns. The model is formulated based on the difference in the characteristics of

small and large bubbles. A separate set of equations for the homogeneous regime and the

heterogeneous regime are described. For the homogeneous regime, the coupling between

the gas and the liquid phases is made via the bubble drift concept. The drift coefficient
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Figure 6.1: Generalized two phase hydrodynamic

model applied to slurry bubble column representing di-

lute phase (large bubbles) and dense phase (slurry with

small bubbles) in this study.

comprises of the total information

about the liquid velocity field, bound-

aries, bubble arrangement and interac-

tions. For the heterogeneous regime,

the coupling between the gas and the

liquid phases is made via the classi-

cal result of Zuber and Findlay (1965),

i.e., the liquid velocity in the column

can be directly related to the super-

ficial gas velocity. The gas hold-up

model includes the liquid velocity in

the homogeneous and the heteroge-

neous regimes separately, the decrease

in the gas hold-up in the transition

regime, the average rise velocity of the

large bubbles, the transitional gas ve-

locity, and the effect of bubble-column

wall interactions. The experiments are

done in two 2D laboratory scale bub-

ble columns (height×width×depth of

200 × 40 × 1 and 200 × 30 × 1.5 cm3). The regime transition point is determined by us-

ing the coherent standard deviation of pressure time series as mentioned in Chapter 5

(Ruthiya et al., 2005). The influence of particle and electrolyte concentration on the gas

hold-up, liquid velocity, and bubble diameter is also investigated. The model agrees well

with the experimental data from the air-water bubble column and the hydrogen-α-methyl

styrene-cumene bubble column.

Firstly, the complete derivation of the new gas hold-up model is described. Subse-

quently, experimental and model results on the gas hold-up, the bubble diameter, and the

frequency of occurrence of large bubbles are quantified in two 2D columns. Finally, the

validation of the fitting parameters of the model are presented followed by conclusions

and recommendations.

6.2 Gas hold-up model

The gas holdup model described in this study is based on the differences in the rise veloc-

ity of small and large bubbles in the two phase model of Krishna and Ellenberger (1996).
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There are only small bubbles present in the homogeneous regime. There are small and

large bubbles present in the heterogeneous regime. The rise velocity of the large bubbles

is different from the rise velocity of the small bubbles. Consequently, the two flow regimes

are modeled separately. Firstly, the basis of the distinction between the small and the large

bubbles is discussed, which is based on the relation between the bubble diameter and the

bubble rise velocity. Secondly, the regime transition point is discussed, which indicates

the gas velocity where the transition from homogeneous to heterogeneous flow occurs.

This is followed by the gas hold-up equation for the homogeneous and the heterogeneous

regimes.

6.2.1 Bubble rise velocity and bubble diameter

The gas bubbles can be divided in three classes based on their rise velocity. According to

Clift et al. (1978) and Wesselingh (1987), the following holds for air-water systems (P = 1

bar, T = 295 K):
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(6.1)

The first class represents very small bubbles with diameters below 2.4 mm. Generally,

these bubbles are present in negligible amounts and are thus not considered in gas hold-

up modeling. The second class represents gas bubbles with a diameter in the range of

2.4 mm to 12 mm. These small bubbles are significant for the homogeneous and for the

heterogeneous regimes. Their rise velocity is approximately independent of bubble diam-

eter (Clift et al., 1978). The third class represents bubbles larger than 12 mm. These large

bubbles are only present in the heterogeneous regime. The rise velocity of these bubbles

increases with the square root of the bubble diameter.

According to Equation 6.1, the following holds for the H2-AMS system: the first bubble

class holds for db < 2.1 mm, the second bubble class holds for 2.1 mm < db < 9 mm, and

the third bubble class holds for db ≥ 9 mm.

Davies and Taylor (1950) derived the factor Φ=0.71 explicitly for the rise velocity of

single bubble in a 3D tube using an air-water system. Pyle and Harrison (1967) concluded

Φ to be 0.48 for 2D gas-solid fluidized bed (thickness 10 mm). But their experimental

data shows considerable scatter and the Φ factor is not very accurate. Krishna et al. (2000)

adapted this factor to 0.62 based on Volume-Of-Fluid simulations and experimental data

in 2D (thickness 5 mm) for air-water, air-silica, and air-polystyrene systems. Kluytmans

et al. (2003) adapted Φ to be 0.54 for experiments in 2D bubble column (thickness 15 mm).

In this study, the factor of 0.54 is used.

The use of a transparent 2D column used in this study enables the quantification of the
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diameter and the frequency of occurrence of the large gas bubbles in the transition regime

and in the heterogeneous regime. This is done by analyzing and processing the movies

recorded with a high speed video camera (955 frames per second). The large bubble di-

ameter and the frequency of occurrence of large bubbles versus superficial gas velocity in

the 2D bubble columns can be correlated by Equations 6.2 and 6.3:

db,large = dmax
b,large [1 − exp(−α(ug − utrans))] for ug > utrans (6.2)

Fb,large = Fmax
b,large [1 − exp(−β(ug − utrans))] for ug > utrans (6.3)

6.2.2 Regime transition point

The superficial gas velocity above which the flow regime changes from the homogeneous

regime to the heterogeneous regime is the so-called regime transition point. The flow

regime transition is a smooth transition and takes place in a range of superficial gas veloc-

ities. Regime transition has been ascribed either as a region or as a single transition point

separating the homogeneous regime and the heterogeneous regime. In Chapter 5, we used

the criteria that have been set to identify the regime transition points using the coherent

standard deviation of measured pressure time series. The first regime transition point,

where the coherent standard deviation of pressure fluctuations increases sharply from a

small value, is used as an input for the model. Therefore, existing empirical correlations

(Wallis, 1969; Wilkinson et al., 1992; Reilly et al., 1994; de Swart et al., 1996; Urseanu, 2000;

Vial et al., 2000) should be used with caution; they are often associated with ambiguous

regime transition detection methods.

6.2.3 Homogeneous regime

The homogeneous regime (laminar, uniform, dispersed, bubbly flow regime) is charac-

terized by a low superficial gas velocity, practically vertical movement of gas bubbles

without any coalescence and break up, and no large scale liquid circulations. Following

assumptions are made:

• In the homogenous regime, only small bubbles (wobbling type) are present.

• There is a narrow bubble size distribution (3-8 mm) and all the small bubbles have

the same rise velocity.

• The slip velocity between the liquid and the small bubbles is constant.

• The flow is one dimensional.

The small bubble gas hold-up is described by the slip velocity equation:

vs =
ug

εg

− ul

1 − εg

(6.4)

Richardson and Zaki (1954) proposed Equation 6.5 for the slip velocity of a swarm of

bubbles in the homogeneous regime, where the slip velocity is related to the rise velocity



154 Chapter 6

of a single bubble in an infinite medium, the gas hold-up, and the empirical factor a, which

is called the bubble drift coefficient:

vs = u∞
b (1 − εg)

a (6.5)

The coefficient a is a function of the Reynolds number of a single gas bubble in an infinite

liquid:

a =























1.40 for Reb > 500

4.45Re−0.1
b − 1 for 1 < Reb < 500

4.35Re−0.03
b − 1 for 0.2 < Reb < 1

3.65 for Reb < 0.2

where Reb =
ρlu

∞
b db

µl

(6.6)

Combining Equations 6.4 and 6.5 gives:

ug

εg

− ul

1 − εg

= u∞
b (1 − εg)

a (6.7)

Rearranging the above equation for small bubbles results in:

ug

u∞
b

− uhom
l

u∞
b

εhom
g,small

1 − εhom
g,small

− εhom
g,small

(

1 − εhom
g,small

)a
= 0 (6.8)

The liquid velocity in the homogeneous regime is given by Ruzicka et al. (2001) as:

uhom
l = Chomug (6.9)

where Chom is the only fit parameter in the homogeneous regime and is a measure of the

upward liquid velocity. This equation assumes that the liquid velocity in the homoge-

neous regime is linearly proportional to the superficial gas velocity.

6.2.4 Heterogeneous regime

The heterogeneous regime (churn-turbulent, liquid circulation, large eddy structures) is

characterized by a high superficial gas velocity and a high rate of bubble coalescence and

break-up. Following assumptions are made:

• In the heterogenous regime, a two-bubble-class model (Figure 6.1) is used to dif-

ferentiate small and large bubbles (see also section 6.2.1). The gas hold-up in the

heterogeneous regime is obtained by addition of the dense phase gas hold-up (small

bubbles) and the dilute phase gas hold-up (large bubbles).

• The rise velocity of the large bubbles is the sum of the terminal rise velocity of

the large bubbles and the average upward liquid velocity in the column: ub,large =

u∞
b,large + uhet

l .
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• The gas flow through the dilute phase is only by large bubbles with gas velocity

ug,large. The gas velocity through the dense phase is ug − ug,large.

As a result of the presence of the dilute phase, the small bubble hold-up in the dense

phase, εg,small, has to be corrected by the large bubble gas hold-up (εg,large). This gives the

hold-up of small bubbles in the heterogeneous regime (εhet
g,small):

εhet
g,small = εg,small (1 − εg,large) (6.10)

εg,small is calculated using the slip velocity equation, similar to Equation 6.8:

ug − ug,large

u∞
b

− uhet
l

u∞
b

εg,small

1 − εg,small

− εg,small (1 − εg,small)
a = 0 (6.11)

The large gas bubble hold-up is adopted from Ruzicka et al. (2001) as given in Equation

6.12:

εg,large =
ug,large

u∞
b,large + uhet

l

(6.12)

Eventually, the gas velocity through the dilute phase can be calculated:

ug,large =
π
4
d2

b,large

Wcolumn

Fb,large (6.13)

The liquid velocity in the heterogeneous regime is assumed to be linearly related to the

gas velocity by the large bubbles and has an additional empirical constant Chet:

uhet
l = Chetug,large (6.14)

where Chet is the only fit parameter in the heterogeneous regime and is a measure of the

upward liquid velocity. The total liquid velocity at any superficial gas velocity is given as:

ul = Chom (ug − ug,large) + Chetug,large + ul,in for ug ≥ ug,large (6.15)

The total gas hold-up in the heterogeneous regime is given as:

εg = εhet
g,small + εg,large (6.16)

6.2.5 Model solution

The input parameters required for the gas hold-up model are: the superficial gas velocity

(ug), the column width (Wcolumn), the average small bubble diameter (db,small), the transi-

tion gas velocity (utrans), and the properties, i.e., density, viscosity, and surface tension, of

the slurry (ρl, µl, σl). Figure 6.2 gives a systematic overview of the model. Two non-linear

equations have to be solved simultaneously for each flow regime, i.e., Equation 6.8 and

Equation 6.11. All the hydrodynamic parameters can be calculated from the closure equa-

tions as shown in Figure 6.2.
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There are two unknown parameters in the model: Chom in Equation 6.9 and Chet in

Equation 6.14. These parameters are evaluated in this chapter by fitting the gas hold-up

model to experimental data from different columns and slurry systems. The two parame-

ters can be used to determine the upward liquid velocity in the bubble column. The liquid

velocity is related to the density difference between gas and slurry phase. So, the liquid

velocities, and thus Chom and Chet, are dependent on the local gas hold-up. It is important

to note that these parameters are not empirical and have a physical meaning and can also

be evaluated experimentally, e.g., by measuring the radial liquid velocity profiles.

F
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Figure 6.2: Flow chart of gas hold-up model proposed in this study for 2D slurry bubble columns.

6.3 Experimental

The schematic representation of the aqueous 2D slurry bubble column and the description

of the measurement methods are given in Chapter 5 and Chapter 7. All experiments are

carried out with nitrogen gas, and demineralized water at ambient pressure and temper-

ature (1 bar, 295 K).

The schematic representation of the organic 2D slurry bubble column and the descrip-

tion of the measurement methods are given in Chapter 8. All experiments are carried out

with hydrogen gas and α-methylstyrene-cumene liquid at ambient pressure and temper-

ature (1.08 bar, 298-313 K).

The gas hold-up is calculated from pressure time series recorded with four fast dy-

namic pressure sensors at a sample frequency of 50 Hz. A high speed digital video camera

(955 frames per second) is used to quantify the diameter and the frequency of occurrence
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of the large bubbles as a function of superficial gas velocity. The physical properties of the

two catalyst supports, silica and carbon particles, are described in Chapter 2.
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in 2D slurry bubble columns. Ratio of superficial gas velocity to gas hold-up versus superficial gas
velocity in the aqueous and organic 2D slurry bubble columns.
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6.4 Results and discussion

For the aqueous 2D bubble column, the gas hold-up versus superficial gas velocity for the

air-water system is shown in Figure 6.3a along with the results of related literature corre-

lations. The experimentally measured gas hold-up corresponds well with the correlation

of Krishna and Ellenberger (1996), but only in the heterogeneous regime. The correlation

is very sensitive to the transition point. The correlation by Hikita et al. (1980) underes-

timate the gas hold-up in the transition regime. Reilly et al. (1994) and Wilkinson et al.

(1992) over-predict the gas holdup in the heterogeneous regime. For the organic 2D bub-

ble column, the gas hold-up versus superficial gas velocity for H2-AMS system is shown in

Figure 6.3b along with the relevant literature correlations developed for organic systems.

Clearly, the experimental results are in close agreement with gas hold-up correlations of

Wilkinson et al. (1992) and Jordon and Schumpe (2001).

The trend in the gas hold-up versus superficial gas velocity as function of particle con-

centration is similar to that presented for pure liquids but the gas hold-up decreases with

increasing particle concentration beyond 2 vol% (10 kg/m3). According to Zuber and

Findlay (1965), the slip velocity between the gas and the liquid phase defined as ”ug/εg”,

is a measure of the liquid circulation in the bubble column. Therefore, the parameter

”ug/εg” versus ug, is shown in Figure 6.3c for the aqueous slurries and in Figure 6.3d for

the organic slurries. For the aqueous system, it increases slowly up to ug=0.07 m s−1, indi-

cating low liquid circulation. The first large bubble is detected at approximately ug=0.07

m s−1, beyond which the diameter and the frequency of occurrence of the large bubbles

increase sharply, corresponding to the increased liquid circulation in the column. This is

also reflected in the sharp increase in the slope of the ug/εg versus ug curve. For the organic

system, the parameter ug/εg is either constant or increases slowly up to ug=0.04 m s−1. The

first large bubble is detected at approximately ug=0.04 m s−1. Beyond this point, the large

bubbles increase liquid circulation, which is also reflected in the sharp increase in the slope

of the ug/εg versus ug curve.

6.4.1 Bubble diameter and frequency of occurrence of large bubbles

The large bubble diameter increases with gas velocity after the transition point as shown

in Figure 6.4a. However, there is no established correlation for the large bubble diameter

for 2D bubble columns. Hence, by using the high speed video imaging, the large bubble

diameter is determined as a function of gas velocity, see Figure 6.4a for the aqueous slur-

ries and Figure 6.4c for the organic slurries. A total of 118 movies were recorded for car-

bon and silica particles in the aqueous column in the concentration range of 0.1-5 kg/m3.

Here, one movie of 10,000 frames corresponds to 10.5 sec for one gas velocity. A total of 30

movies were recorded for 3%Pd/Carbon and 3%Pd/Silica particles in the organic column

in the concentration range of 0.5-4 kg/m3. Here, one movie of 5188 frames corresponds

to 5.4 sec for one gas velocity. The large bubble diameter reaches an equilibrium value

after a certain gas velocity. This experimental result is fitted according to Equation 6.2 for
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ug > utrans which resulted in:

db,large = 0.049 [1 − exp(−30.7(ug − utrans))] (m) Aqueous 2D column (6.17)

db,large = 0.047 [1 − exp(−54.2(ug − utrans))] (m) Organic 2D column (6.18)
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Figure 6.4: Experimental data and fitted correlations for the average diameter and the frequency of
occurrence of the large bubbles versus superficial gas velocity in the 2D slurry bubble columns.
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Similar to the large bubble diameter in the 2D bubble column, there is no established

knowledge on the frequency of occurrence of large bubbles in 2D and 3D bubble columns.

Hence, by using the high speed video imaging (see Chapter 7 for detail), the frequency of

occurrence of large bubbles is calculated as a function of gas velocity, see Figure 6.4b for

the aqueous slurries and Figure 6.4d for the organic slurries. The large bubble formation

in the 2D bubble column starts at the transitional gas velocity. The large bubble diameter

increases with gas velocity and reaches an equilibrium diameter after a certain gas velocity.

This experimental result is fitted according to equation 6.3 which resulted in:

Fb,large = 14.4 [1 − exp(−34.3(ug − utrans))] (bubbles/s) Aqueous 2D column (6.19)

Fb,large = 15.7 [1 − exp(−45.1(ug − utrans))] (bubbles/s) Organic 2D column (6.20)

These two parameters, the large bubble diameter and the frequency of occurrence of large

bubbles, are used to determine the hold-up of the large bubbles and the rise velocity of the

large bubbles according to Equations 6.12 and 6.1, respectively.

6.4.2 Gas hold-up model: N2-water system

The gas hold-up model is fitted to the experimental gas hold-up data by a non-linear

regression routine to evaluate the unknown parameters Chom and Chet. The results are

presented for carbon and silica particles, electrolyte, and their combination.

• Particles: The experimental and model results of gas hold-up versus superficial gas

velocity are shown in Figure 6.5a for carbon particles and Figure 6.5b for silica par-

ticles. Clearly, the model and experiments agree well. The particle concentration is

varied from 0.1 to 20.0 g l−1. There is no significant influence of the lyophobic nature

of the carbon and silica particles on the gas hold-up profiles in the 2D slurry bub-

ble column. In the homogeneous regime, the gas hold-up is approximately equal

for all particle concentrations, including demineralized water. The effect of particle

concentration is especially seen on the transition point. The results of the two fit-

ting parameters versus catalyst concentration are shown in Table 6.1. It is observed

that with increasing concentration of particles, the parameter Chom increases thereby

increasing the liquid velocity in the homogeneous regime. This increase in liquid

circulation advances the transition point to a lower gas velocity, and decreases the

gas hold-up.

• Electrolyte: The experimental and model results of gas hold-up versus superficial

gas velocity are shown in Figure 6.5c for electrolyte. Clearly, the model and ex-

periments agree well. The results of the two fitting parameters versus electrolyte

concentration are shown in Table 6.1. The presence of electrolyte stabilizes the small

bubbles, prevents coalescence, and therefore the number of small bubbles in the col-

umn increases. It is expected that with increasing number of small bubbles, the

liquid velocity will decrease. This is reflected by the decrease in the parameter Chom

w.r.t. the demineralized water or slurry system as indicated in Table 6.1.
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• Particles and electrolyte: The experimental and model results of gas hold-up versus

superficial gas velocity are shown in Figure 6.5d for the combination of carbon parti-

cles and electrolyte. Clearly, the model and experiments agree well. The results of the

two fitting parameters versus electrolyte concentration are shown in Table 6.1. The

presence of electrolyte and particles together prevents agglomeration of particles, in-

creases the affinity of particles towards gas bubbles, and therefore more particles are

present in between two gas bubbles (see Chapter 7). This prevents the coalescence

of small bubbles and the gas hold-up increases approximately 1.8 times compared to

that of water in the homogeneous regime. The transition point is delayed to ug=0.09

m s−1. This is also shown by the decrease in the value of Chom.

6.4.3 Gas hold-up model: H2-cumene system

The gas hold-up model is fitted to the experimental gas hold-up data by a non-linear

regression routine to evaluate the unknown parameters Chom and Chet. The experimental

and model results of gas hold-up versus superficial gas velocity are shown in Figure 6.6a

for the Pd/Carbon system and in Figure 6.6b for the Pd/Silica system. Clearly, the model

and experiments agree well. The catalyst concentration is varied from 0.5 to 10 g l−1. The

results of the two fitting parameters versus catalyst concentration are shown in Table 6.1.

Due to scatter in the gas hold-up data in the heterogeneous regime, the fitting parameter

Chet is associated with large error. The fitting parameter in the homogeneous regime Chom

is higher than in the aqueous column. This is an indication of higher liquid circulation

in the organic column. The difference between hydrophobic Pd/Carbon and hydrophilic

Pd/Silica particles is negligible in the solvent cumene.

6.4.4 Validity of model

The parameters Chom in the homogeneous regime and Chet in the heterogeneous regime as

a function of particle concentration (Table 6.1) suggest that it does not change significantly

for one particular system. Hence, it is tried to fit all the experimental data for a particular

system with only one value of Chom and Chet. This is done for air-water-particle system,

air-water-electrolyte, and hydrogen-AMS-cumene-particle system, separately. The results

are presented in Figures 6.7a and 6.7b, and are discussed below.

The parity plot of the model gas hold-up versus the experimental gas hold-up for

carbon and silica particle slurries (0-20 kg m−3) in the aqueous 2D column is shown in

Figure 6.7a. Clearly, the predicted and the experimental gas hold-up are in agreement

within ±20%. The average value used for the regime transition point, and a unique val-

ues found for the fit parameters in the homogeneous and the heterogeneous regimes are:

utrans=0.06±9% m s−1, Chom=2.4±5% (-), and Chet=3.7±10% (-).

The parity plot of the model gas hold-up versus the experimental gas hold-up for

Pd/Carbon and Pd/Silica particle slurries (0-10 kg m−3) in the organic 2D column is
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Table 6.1: The transition gas velocity based on the coherent standard deviation of pressure time
series, the fitting parameters Chom and Chet, and the corresponding error for silica and carbon
particle slurries in the aqueous and the organic 2D slurry bubble columns.

Slurry system Concentration utrans Chom % Error Chet % Error
(-) (kg m−3) (m s−1) (-) Chom (-) (-) Chet (-)

AQUEOUS COLUMN
Water-Carbon 0.1-1 0.070 2.65 ±5% 3.50 ±12%
Water-Carbon 2 0.070 2.67 ±4% 3.31 ±26%
Water-Carbon 4 0.068 2.53 ±3% 3.75 ±7%
Water-Carbon 8 0.060 2.66 ±5% 3.49 ±10%
Water-Carbon 16 0.059 3.41 ±7% 4.13 ±15%
Water-Carbon 20 0.048 4.22 ±11% 3.46 ±25%
Water-Silica 0.5 0.066 2.63 ±11% 3.79 ±20%
Water-Silica 2 0.065 2.42 ±5% 3.71 ±10%
Water-Silica 5 0.060 2.52 ±9% 4.05 ±15%
Water-Electrolyte 0.05-0.5 0.070 1.30 ±11% 3.61 ±8%
Water-Electrolyte-Carbon 1 kg/m3+0.5 M E 0.090 1.45 ±17% 4.00 ±39%
ORGANIC COLUMN
AMS-cumene-Pd/Carbon 0.5 0.04 3.23 ±12% 4.09 ±11%
AMS-cumene-Pd/Carbon 1 0.04 3.63 ±20% 3.00 ±24%
AMS-cumene-Pd/Carbon 2 0.04 3.68 ±23% 2.15 ±21%
AMS-cumene-Pd/Carbon 4 0.04 4.08 ±23% 1.41 ±60%
AMS-cumene-Pd/Carbon 10 0.035 4.17 ±11% 2.24 ±11%
AMS-cumene-Pd/Silica 0.5 0.04 3.05 ±17% 4.10 ±15%
AMS-cumene-Pd/Silica 1 0.04 3.62 ±27% 3.98 ±27%
AMS-cumene-Pd/Silica 2 0.04 3.11 ±26% 2.44 ±31%
AMS-cumene-Pd/Silica 4 0.035 3.10 ±7% 3.50 ±10%
AMS-cumene-Pd/Silica 10 0.035 3.25 ±11% 3.40 ±16%

shown in Figure 6.7b. Clearly, the predicted and the experimental gas hold-up are in

agreement within ±20%. The average value used for the regime transition point, and

unique values found for the fit parameters in the homogeneous and the heterogeneous

regimes are: utrans=0.04±20% m s−1, Chom=3.3±6% (-), and Chet=2.1±11% (-).

The model can further be validated by comparing the predicted liquid velocity with

either the measured liquid velocity or literature correlations. In the 2D bubble columns,

the liquid velocity was not measured experimentally in this study and there is no available

literature correlation. Therefore, the liquid velocity in the homogeneous and the hetero-

geneous regimes in the 2D slurry bubble columns is predicted from the two fitting pa-

rameters: Chom and Chet. The total liquid velocity is calculated from Equations 6.9 and

6.15, for the homogeneous and heterogeneous regimes, respectively. Additionally, from

high speed video imaging, the large bubble rise velocity is determined. Hence, the liquid

velocity can also be calculated indirectly using Equation 6.12. The results are presented in

Figure 6.8a for the aqueous 2D column and in Figure 6.8b for the organic 2D column.
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Figure 6.6: Experimental data and gas hold-up model results of gas hold-up versus superficial
gas velocity in the organic 2D slurry bubble columns. Experimental conditions: P=1.08 bar, T =
295-313 K, and H2-AMS-cumene mixture.
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Figure 6.7: Comparison between experimental and model predicted gas hold-up for the water-
carbon-silica slurry system and AMS-Pd/carbon and Pd/Silica slurry system.
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The liquid velocity increases rapidly with gas velocity in both the homogeneous and

the heterogeneous regimes. The results are compared with the liquid velocity correlation

of Riquarts (1981), which has been validated in the study of Urseanu (2000) for four 3D

bubble columns (diameter = 0.15-0.63 m). Since the diameter of the 2D column is not

properly defined, three different diameters are taken to compare the 2D column results.

The predicted liquid velocity in the homogeneous regime in the 2D column is less than

the liquid velocity in the 3D column at all column dimensions. A possible explanation for

the underestimation is the influence of the 2D column wall. Beyond the regime transition

point, the large bubble population increases which increases the liquid velocity rapidly.

The liquid velocity approaches the liquid velocity observed in the 3D column (Dc = 0.3

m), which is also equal to the width of the 2D column in this study. Similar type of liquid

velocity results are observed for the organic 2D slurry bubble column. In general, the

predicted liquid velocities show a similar trend and are of the right order of magnitude.
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Figure 6.8: Liquid velocity calculated from the two fitting parameters in the aqueous (8 kg/m3

Carbon particle) and organic (0.5 kg/m3 Pd/Carbon) 2D slurry bubble columns. The liquid velocity
calculated from the correlation of Riquarts (1981) for 3D columns and the liquid velocity calculated
indirectly from video imaging is also indicated.

6.5 Conclusions and outlook

The minimum set of assumptions underlying the gas hold-up model presented in this

study seems to be sufficient to generate a modeling concept that is able to comprehend

the key features of gas hold-up versus superficial gas velocity behavior in slurry bubble

columns. The gas hold-up model adequately describes the total gas hold-up for two 2D

slurry bubble columns of different thickness and width. The model has one unknown
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parameter Chom in the homogeneous regime and one unknown parameter Chet in the het-

erogeneous regime. These two parameters can be determined from the closure equations

presented in Figure 6.2. The two parameters are not empirical and have a physical mean-

ing and can also be evaluated experimentally, e.g., by measuring the radial liquid velocity

profiles. The two parameters can be used to determine the intensity of liquid circulation in

bubble columns. The two parameters are a function of the slurry properties and expected

to be a function of column geometry. The liquid circulation velocity calculated from the

two unknown parameters in the 2D columns shows a similar trend and are of right or-

der of magnitude as the correlation of Riquarts (1981) for the 3D bubble columns and the

liquid velocity calculated indirectly from the high speed video imaging.

6.6 Nomenclature

a = bubble drift coefficient, -

al = surface area of bubble per unit liquid volume, m2 m−3

Chom = fit parameter in the homogeneous regime, -

Chet = fit parameter in the heterogeneous regime, -

db,small = diameter of small bubbles, m

db,large = diameter of large bubbles, m

DT = diameter of bubble column (tank), m

dp = diameter of particle, m

Fb,large = frequency of occurrence of large bubbles, bubbles s−1

g = gravitational constant, m s−2

P = pressure, bar

Reb = Reynold’s number of a bubble, -

T = temperature, K

u∞
b = bubbles rise velocity in an infinite medium, m s−1

ub,large = large bubble rise velocity, m s−1

ub,small = small bubble rise velocity, m s−1

ug = superficial gas velocity, m s−1

ul = upward liquid velocity, m s−1

utrans = gas velocity at transition point, m s−1

Vl = liquid volume, m3

Wcolumn = width of a 2D bubble column, m

Greek

εg,large = volume fraction of large bubbles, -

εg,small = volume fraction of small bubbles in the dense phase, -

εhom
g,small = volume fraction of small bubbles in the homogeneous regime, -

εhet
g,small = volume fraction of small bubbles in the heterogeneous regime, -

εg = volume fraction of gas per unit volume of bubble free liquid, -

εl = volume fraction of liquid, -

εtrans = volume fraction of gas bubbles at transition point, -
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ρg = density of gas, kg m−3

ρl = density of liquid, kg m−3

ρp = particle density, kg m3

σl = surface tension of liquid, N m−1
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Chapter 7

Influence of particles and electrolyte on

gas hold-up and and mass transfer

coefficient in a slurry bubble column

Parts of this chapter are excerpts from:

• Ruthiya, K.C., van der Schaaf, J., Kuster, B.F.M., Schouten, J.C., Influence of parti-

cles and electrolyte on gas hold-up and mass transfer coefficient in a slurry bubble

column, Int. J. Chem. Reactor Eng., to be submitted, (2005).

Abstract

In this chapter, the influence of carbon and silica particle slurry concentration up to 20

g/l (4 vol%) on regime transition, gas hold-up, and volumetric mass transfer coefficient

is studied in a 2-dimensional slurry bubble column. From high speed video image anal-

ysis, the average large bubble diameter, the frequency of occurrence of large bubbles, the

gas-liquid interfacial area, and the large bubble hold-up are obtained. The liquid side

mass transfer coefficient is calculated from the volumetric mass transfer coefficient and

the gas-liquid interfacial area. The lyophilic silica particles are rendered lyophobic by a

methylation process to study the influence of particle wettability. The influence of or-

ganic electrolyte (sodium gluconate) and the combination of electrolyte and particles is

also studied. It is found that lyophilic silica, lyophobic silica, and lyophobic carbon parti-

cles at concentrations greater than 2 g/l (0.4 vol%) decrease the gas hold-up and shift the

regime transition point to a lower gas velocity. The transition point, where the first large

bubbles appear, is compared with literature correlations. The volumetric mass transfer

coefficient increases with gas velocity, increases with electrolyte concentration, decreases

with slurry concentration, and is higher for lyophobic particles. The liquid side mass

transfer coefficient increases with gas velocity, bubble diameter, and is higher for lyopho-

bic particles. A new correlation for the mass transfer coefficient based on dimensionless

numbers is proposed for the heterogeneous regime.

Keywords: Slurry bubble column; Mass Transfer; Gas hold-up; Regime transition;

Electrolyte; Catalyst support; High speed video Imaging.
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7.1 Introduction

Mass transfer is one of the key parameters determining the design and scale-up of slurry

bubble column reactors used in a wide spectrum of industrial processes, for example,

Fischer-Tropsch synthesis, syngas to fuels and chemicals, and coal liquefaction (Deckwer

and Schumpe, 1993; Dudukovic et al., 2002). Solid particles and surface-active additives

like surfactant, electrolyte, salt, or system contaminants may exist inadvertently in slurry

bubble columns in real industrial application, e.g. in certain petrochemical cuts, fermen-

tation. For a proper design of slurry bubble column reactors, a model or correlations are

required that predict the flow regimes and regime transitions, the gas hold-up, and the

mass transfer coefficient.

Mass transfer coefficients depend strongly on the fluid dynamics and are mostly quan-

tified through correlations in which the gas hold-up plays an important role. Many quan-

titative gas hold-up correlations were comprehensively reviewed by Koide (1996), Joshi

et al. (1998), and Urseanu (2000). Some of these correlations use a transition point defined

by a transitional gas hold-up (εtrans) at a transitional gas velocity (utrans). For this transi-

tion point, de Swart et al. (1996), Reilly et al. (1994), Wilkinson et al. (1992), and Urseanu

(2000) derived empirical correlations, Wallis (1969) defined a drift flux criterion, and Vial

et al. (2000) defined the criterion based on the relative standard deviation. However, the

understanding of the effect of electrolyte and particle concentration on the transition point

is still rudimentary.

The volumetric gas-to-liquid (GL) mass transfer coefficient (klal) in slurry bubble columns

is mainly determined by (i) the GL interfacial area (al) determined by the bubble diameter

(db) and the gas hold-up (εg), and (ii) the liquid side mass transfer coefficient (kl) deter-

mined by the slip velocity between bubble and liquid phase (ub) and the bubble diameter.

εg and klal are strongly affected by the gas and liquid phase properties, superficial gas

velocity, particle concentration, electrolyte concentration, and particle lyophobicity (Behk-

ish et al., 2002; Inga and Morsi, 1999; Jordon and Schumpe, 2001; Kluytmans et al., 2003;

Vandu and Krishna, 2004). The mechanism by which particles and bubbles interact in-

volves many of the central concepts of colloid science. Fluid dynamics, interfacial forces,

particle and bubble behavior, and solution chemistry are all interwoven. While there have

been several recent studies on mass transfer in a slurry bubble column (Behkish et al.,

2002; Inga and Morsi, 1999; Jordon and Schumpe, 2001; Kluytmans et al., 2003; Vandu and

Krishna, 2004), the experimental results are not always unified, and the mechanisms are

not always clear.

This chapter studies the effect of particles and electrolyte on the hydrodynamics and

the mass transfer in slurry bubble columns. The influence of gas velocity (0-0.4 m/s), par-

ticle concentration (0-20 g/l or 4 vol%), electrolyte concentration (0.05-0.5 M), and com-

bination of particles and electrolyte on utrans, εg, klal, db, kl, and al in a 2D slurry bubble

column is determined. The influence of particle lyophobicity is studied by using lyophobic
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carbon, lyophilic silica, and lyophobic silica particles. The particle and electrolyte concen-

trations are chosen specifically to study the phenomenon of particle-to-bubble adhesion

without altering the slurry viscosity (less than 10%). The gas hold-up is determined from

differential pressure measurements. The regime transition point is based on the appear-

ance of the first large bubbles (Ruthiya et al., 2005). High speed video imaging is used to

quantify the diameter and the interfacial area of large bubbles. klal is measured with an

electrochemical oxygen sensor. kl is calculated indirectly from klal and al for large bubbles

and compared with literature correlations. A new correlation for kl in the heterogeneous

regime is proposed and validated up to a bubble diameter of 0.06 m and up to a gas ve-

locity of 0.40 m s−1.

7.2 Experimental set up and procedure

The 2D slurry bubble column is shown in Figure 5.4a. All experiments are carried out with

demineralized water and nitrogen gas at ambient pressure and temperature (1 bar, 295 K).

A perforated plate sparger is used with a triangular pitch of 7 mm, 0.5 mm hole diameter.

Total number of holes in the sparger is 49. The dimension of the sparger is 200×15×5 mm3

(height×width×thickness). The gas flow is controlled by mass flow controllers (Brooks)

and measured using VP4TM digital mass flow meter (Van Putten Instruments BV, Delft,

The Netherlands) with a measurement uncertainty less than 0.3%.

Sodium gluconate is used as an electrolyte in the concentration range of 0.05-0.5 M.

In order to study the influence of lyophobicity of particles, two commonly used catalyst

supports in heterogeneous catalyzed chemical reactions are used: silica and carbon par-

ticles in the concentration range of 0.1-20 kg m−3
l (0-4 vol%). The physical properties are

given in Table 7.1. The characterization of the particle surface properties illustrate that the

carbon particles are lyophobic and the silica particles are lyophilic in nature. The parti-

cles were prewashed with demineralized water to remove contamination. The particles

were stored at 363 K to keep them dry. To ensure that all particles were completely wet-

ted prior to each measurement, the particles were mixed with demineralized water for 45

minutes outside the column and a stabilization time of 10 minutes was allowed inside the

column, before each experimental reading. Silica particles are lyophilic when immersed in

demineralized water and the particle surface is covered with silanol groups and adsorbed

water. The silica particles are rendered lyophobic by a methylation process using reagent

dimethyl-dichloro-silane (DMDCS). It is one of the most reactive silanes (Iler, 1979). In a

100 ml Erlenmeyer, 8.66 g of silica particles, 50 g distilled water, and 17 g of 2-propanol are

added. This suspension is mixed thoroughly for about 15 min by a magnetic stirrer. Over

a 10-min period, 1.8 ml of DMDCS (0.21 ml DMDCS/g silica) is then added drop-wise to

the stirred suspension. When all the silane is added, the suspension is heated with a hot

plate to reflux for 30 minutes. After refluxing, the heating is stopped and the suspension

is spread in a Petri dish. The liquid phase, with dissolved HCl, evaporates into the air and

the solid remains in the dish.
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Table 7.1: Physical properties of the catalyst support used in the 2D slurry bubble column.

Support Silica Carbon Mod.Silica Silica Carbon Mod.Silica

code G-5268 43242 G-5268 ∆Hi [mJ m−2]5 -201 -54 -50
dp [µm]1 40 30 25 FTIR [-]6 – 0.25 –
ρs [kg m−3]2 2130 1300 1940 A131·1020 [J]7 14.9 5.8 7.0
SBET [m2 g−1]3 485 850 361 A132 · 1020 [J]8 -1.4 -0.75 -1.7
Vs,p [ml g−1]4 1.63 1.60 – Contact angle [◦]9 38 ∼85 ∼90
εp [-]4 0.85 0.65 – Pore width [nm] 8.6 0.6 7.5

1 Measured using coulter counter LS 130 in an aqueous suspension. Particle size distri-
bution for carbon is 5%<2.5, 50%<24, 90%<100 µm and for silica is 10%<18, 50%<43,
90%<95 µm.

2 Particle density measured using Micromeritics multivolume pycnometer.
3 BET area measured using N2 physisorption in ASAP-equipment from Micromeritics.
4 Pore volume measured using mercury porosimetry in Micromeritics Autopore IV 9500,

where ρpg = 500 (kg m−3). Porosity is εp = Vs,pρs

1+Vs,pρs
and verified using ρs = ρpg/(1 − εp).

5 Heat of immersion in demineralized water from a Calvet C-80 microcalorimetry and
is a measure of the degree of lyophobicity of the particles (Vinke et al., 1993). Higher
heat of immersion is a sign of higher particle lyophobicity.

6 The absorption band for carboxylic groups is at 1700 cm−1 and for bulk aromatic
groups is at 1580 cm−1; the lower the ratio of A1700/A1580, the more lyophobic the sur-
face (Heinen et al., 2000; Vinke et al., 1994).

7 Hamaker constant for particle interacting with liquid calculated from the heat of im-
mersion (Medout-Marere, 2000); where 1-particle, 3-liquid.

8 Hamaker constant for particle interacting with liquid and gas bubble; A132 = (A
1/2
11 −

A
1/2
33 )(A

1/2
22 − A

1/2
33 ), calculated from Hiemenz (1986) where 1-particle, 3-liquid, 2-gas.

9 For carbon and modified silica particles with contact angle nearly 90◦, Young’s equa-
tion suggests that they will tend to stick to gas bubbles.

In the 2D column, pressure time series are recorded simultaneously with four fast dy-

namic pressure sensors (Druck PTX 1400, Druck Ltd., England) which measure the pres-

sure with respect to atmospheric pressure. The combined non-linearity, hysteresis, and

repeatability accuracy of the Druck sensor is 0.25% of the full scale output (400 kPa). They

are mounted flush to the inner surface of the back wall of the 2D column as shown in

Figure 5.4a. The local pressure signal is recorded for 120 s with a sample frequency of 50

Hz. The pressure difference between two pressure sensors is used to estimate the local gas

hold-up according to Equation 7.1:

εlocal
i,j =

(p̄j − p̄i)0 − (p̄j − p̄i)aerated

(p̄j − p̄i)0

where i,j = 1-4, j>i (7.1)

where i and j represents the pressure sensor positions on the column wall and ε3,4, repre-

sents the average gas hold-up. The initial liquid height in the 2D column is between 1.2

and 1.4 m ensuring that the gas hold-up was independent of liquid height (only above 1
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m) in agreement with Kluytmans et al. (2003). The gas flow between pressure sensors P3

and P4 is fully developed. Thus, ε3,4 represents the gas hold-up which is a representative

gas hold-up for the entire column.

The procedure to determine the bubble diameter, the frequency of occurrence of large

bubbles, and gas-liquid interfacial area is described in appendix 7.7. Similarly, the proce-

dure to determine the volumetric mass transfer coefficient and liquid side mass transfer

coefficient of large bubbles is described in appendix 7.8. In the next section, the experi-

mental results obtained in this study are discussed. This is followed by the discussion and

interpretation of results.

7.3 Results

7.3.1 Regime transition

The video images for demineralized water, carbon particles, and electrolyte cases are

shown in Figure 7.1. Each image is a representative frame for 10,000 frames captured at

one gas velocity. The average large bubble diameter, the frequency of occurrence of large

bubbles, and the gas hold-up as a function of superficial gas velocity are shown in Figures

7.2, 7.3a, 7.3b, 7.3c, and 7.4a. Based on these results, it is difficult to pinpoint a single tran-

sition point. Instead a transition regime is observed. In our earlier paper (Ruthiya et al.,

2005), a unique criterion for the regime transition point was defined based on the coherent

standard deviation of pressure fluctuations in 2D and 3D (slurry) bubble columns. At this

first transition point, the first large bubbles are detected, with a diameter of 15 mm and

with a frequency of occurrence of one bubble per second. The coherent standard deviation

of the pressure time series increases from zero at this transition point. Using this criterion

of coherent standard deviation and formation of the first large bubbles, the influence of

particle concentration and electrolyte concentration on the first transition point and the

three flow regimes is discussed below.

In the homogeneous regime, with increasing gas velocity, the small bubbles start to

form clusters. These small bubble clusters have also been reported by Lin et al. (1996)

and are formed as a result of local liquid circulation patterns (Zahradnik et al., 1997). At

ug = 0.065 m s−1 for carbon and silica particle, at ug = 0.070 m s−1 for electrolyte, and at

ug = 0.090 m s−1 for combination of particles and electrolyte, some of the small bubble

clusters of approximately 20-30 small bubbles (3-8 mm diameter range), coalesce to form

single non-interacting large bubbles (approximately 15 mm diameter) with the frequency

of occurrence of 1 to 2 bubbles per second, see Figure 7.1 and Figure 7.2. This point is

attributed as the first transition point which marks the onset of the transition regime. The

transition gas velocity, utrans, and the transitional gas hold-up, εtrans, correspond to this

point. With the increase in particle concentration, the first transition point is shifted to a

lower gas velocity, for example, to 0.045 m s−1 for a 20 g/l carbon particle concentration.
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(f) 0.5 M E, ug=0.100 m s−1, εg=0.176 (-)

Figure 7.1: Video images of water, electrolyte, carbon particle slurry, and their combination cap-
tured between 58 and 88 cm above the sparger between pressure sensors P3 and P4. Image size is
30×30 cm2. For subfigures a to d: ug = 0.071 m s−1 and large bubble hold-up, εlarge = 0.016 (-).
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Table 7.2: Experimental value of the transition gas velocity and the transition gas hold-up cal-
culated using the large bubble formation criterion (Ruthiya et al., 2005) for demineralized water,
silica, and carbon particle slurries in the 2D slurry bubble column (1 bar, 295 K).

Concentration utrans εtrans Concentration utrans εtrans

- (m s−1) (-) - (m s−1) (-)

Demi. water 0.063 0.180
0.5 g l−1 carbon 0.075 0.190 0.5 g l−1 silica 0.062 0.189
1 g l−1 carbon 0.069 0.211 1 g l−1 silica 0.066 0.187
2 g l−1 carbon 0.070 0.210 2 g l−1 silica 0.065 0.193
4 g l−1 carbon 0.068 0.194 5 g l−1 silica 0.060 0.187
8 g l−1 carbon 0.060 0.184 - - -
16 g l−1 carbon 0.059 0.164 0.05 M E 0.074 0.240
20 g l−1 carbon 0.048 0.125 0.50 M E + 1 g/l carbon 0.090 0.303

In the transition regime, the probability of bubble coalescence increases and the bub-

ble rise velocity increases. At ug = 0.07 m s−1 for slurries of carbon and silica particles,

the gas hold-up versus gas velocity curve attains a local maximum (Figures 7.3a, 7.3b, and

7.3c) and corresponds to the appearance of large bubbles of 2-3 cm diameter with their fre-

quency of occurrence of approximately 4-6 bubbles per second. The sigmoidal curve of the

large bubble diameter versus gas velocity has a sharp increase at this point, see Figure 7.2.

With further increase in gas velocity, large bubbles (diameter up to 2 to 5 cm) are present

with high coalescence and break-up rates. There is a sudden decrease in the gas hold-up at

ug = 0.10 m s−1 for a combination of particles and electrolyte, see video image 7.1f. Figures

7.3a, 7.3b, and 7.3c for carbon and silica particle slurries and Figure 7.4b for a combination

of particles and electrolyte show that the gas hold-up versus gas velocity curve attains a

local minimum at approximately ug = 0.12-0.15 m s−1 where the average large bubble di-

ameter reaches an equilibrium value of approximately 5 cm as shown in Figure 7.2. The

frequency of occurrence of these large bubbles at this point also becomes constant to 13-15

bubbles per second. This point corresponds to the second transition point and marks the

start of the fully developed heterogeneous regime. With the increase in particle concen-

tration, the boundary limits of the transition regime are shifted to a lower gas velocity.

In the heterogeneous regime, the flow is fully developed with a frequent bubble co-

alescence, bubble break-up, and macro-scale liquid circulations, which induce rapid gas

dispersion, and a wide bubble size distribution (3-50 mm). The small bubbles (3-10 mm)

tend to circulate with the liquid phase, while the large bubbles (10-50 mm) tend to rise in a

plug flow manner in the column. The observed increase in gas hold-up with gas velocity

is due to an increase in the number of small bubbles.

7.3.2 Gas hold-up

The gas hold-up versus gas velocity is shown in Figures 7.3a and 7.3b for carbon particle

slurry and Figure 7.3c for silica particle slurry measured in the 2D bubble column.
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Figure 7.2: Average large bubble diameter and its frequency of occurrence at a given superficial gas
velocity calculated from the video image analysis are shown for carbon and silica particle slurries.
The frequency of occurrence of large bubbles is calculated from 26 movies recorded for 0.3-0.5 g l−1

carbon particle slurry.

Influence of particles: The gas hold-up is independent of slurry concentration up to 2

g l−1 (0.4 vol%) in this study for low gas velocities up to 0.07 m s−1. The maximum gas

hold-up near the first transition point decreases at high solid concentration, see Figure 7.3b

and Table 7.2. With increasing gas velocity, the gas hold-up decreases for demineralized

water up to ug = 0.10 m s−1 and for carbon and silica particle slurry up to ug = 0.12 m s−1.

Beyond this gas velocity, the gas hold-up steadily increases again. The rate of decrease

of gas hold-up with increasing slurry concentration in the heterogeneous regime is lower

compared to the rate of decrease of the gas hold-up in the transition regime (ug=0.05-0.12

m s−1).

Influence of electrolyte: The gas hold-up versus superficial gas velocity is shown in Fig-

ure 7.4a in the presence of electrolyte. The gas hold-up is higher compared to demineral-

ized water in the presence of electrolyte at all concentrations of electrolyte. However, this

increase is not proportional to the concentration of electrolyte. After a critical concentra-

tion (0.05 M in this study), there is no further influence of electrolyte on gas hold-up. This

observation is in agreement with the results of Zahradnik et al. (1995).
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Figure 7.3: Gas hold-up against superficial gas velocity for demineralized water, carbon particle,
and silica particle slurry concentrations in a 2D slurry bubble column. A particle concentration of
20 g l−1 corresponds to 4 vol%.
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Influence of particles and electrolyte: The gas hold-up versus superficial gas velocity in the

presence of electrolyte and carbon particles together is shown in Figure 7.4b. In the homo-

geneous regime, the gas hold-up increases to a great extent. This increase is higher than

the gas hold-up case of only particles and only electrolyte. However, in the heterogeneous

regime, the gas hold-up for carbon particles and electrolyte is approximately similar to

that observed for demineralized water. The gas hold-up (1 g/l carbon + 0.5 M electrolyte)

is lower than the gas hold-up (1 g/l carbon + 0.1 M electrolyte) for the slurry system. This

might be due to the increase in the liquid circulation either due to increase in the viscosity

or due to poor gas distribution at the sparger position. The viscosity increases from 1.07

mPa s for demineralized water to 1.28 mPa s for 0.5 M electrolyte concentration at 293 K.

The experiment at higher gas velocity (ug > 0.07 m s−1) for 1 g/l carbon particles and 0.1

M electrolyte slurry system was limited by the amount of foam produced. Similar type of

results for the gas hold-up are also observed for silica particles and electrolyte.
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Figure 7.4: Gas hold-up against superficial gas velocity for demineralized water, electrolyte solu-
tions, combination of electrolyte and carbon particle slurry in a 2D slurry bubble column.

7.3.3 Mass transfer coefficient

Influence of particles: The volumetric mass transfer coefficient (klal) versus gas velocity as

a function of carbon and silica particle slurry concentrations is shown in Figures 7.5a and

7.5b, respectively. klal increases with increasing gas velocity. No dependency was found

between klal and the particle concentration up to 5 g l−1 within ± 10% range. However,

klal decreases at high slurry concentration of 20 g l−1. In all cases of carbon, silica, and

modified silica particles, the gas hold-up decreases with increasing particle concentration

(Figures 7.3b and 7.3c). klal decreases due to a decrease in the gas hold-up.
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Influence of electrolyte: klal versus gas velocity as a function of electrolyte concentration

is shown in Figure 7.5c. klal increases with the addition of electrolyte as it delays the co-

alescence of small bubbles (Figures 7.1e and 7.1f) as also is observed for the gas hold-up

(Figure 7.5c).

Influence of particles and electrolyte: klal versus gas velocity in the presence of particles

and electrolyte is shown in Figure 7.5c. klal for particles and electrolyte is very high in

the homogeneous regime. Here, the gas hold-up is very high, εg=0.35 (-) at ug = 0.075

m s−1 compared to εg=0.20 (-) for demineralized water, see Figure 7.4b. Therefore, klal in-

creases to a very high value, for example, at ug = 0.09 m s−1, klal = 0.17 s−1 compared to

klal = 0.07 s−1 for demineralized water. At ug = 0.09 m s−1, clusters of 20-30 small bubbles

(3-10 mm bubble diameter) are observed. At ug = 0.10 m s−1, a first large bubble (15 mm)

was detected as shown in video image 7.1f. Therefore, εg and klal decrease sharply at this

gas velocity. The influence of electrolyte and combination of particles and electrolyte on εg

and klal is very pronounced in the homogeneous and the transition regimes, while in the

heterogeneous regime it is largely overshadowed by the predominant effect of macro-scale

liquid turbulence (high shear stress) and is similar to that observed for demineralized wa-

ter.

Mass transfer coefficient per unit reactor volume: The mass transfer coefficient based on

the complete dispersion volume (klaR) is calculated from Equation 7.19 and divided by

the corresponding gas hold-up. The physical significance of klaR/εg is that it represents

the volumetric mass transfer coefficient per unit volume of gas bubbles; the constancy

of this parameter would imply that the average bubble diameter is independent of gas

velocity according to Equation 7.2:

klaR

εg

=
klal(1 − εg)

εg

=
6kl(1 − εg)

db

(7.2)

The parameter klaR/εg versus gas velocity is shown in Figure 7.6a for the carbon particles

case and Figure 7.6b for the particles and electrolyte case. For silica particles, observations

similar to carbon particles are obtained. The increase in particle concentration does not

affect klaR/εg. For the particles and electrolyte case, klaR/εg in the homogeneous regime

is higher than that in the presence of only particles or only electrolyte. klaR/εg decreases

from 0.5 to 0.28 s−1 in the homogeneous regime, increases in the transition regime in the

same range 0.28 to 0.5 s−1, and appears to become constant in the heterogeneous regime

between 0.45 and 0.6 s−1.

In the homogeneous regime, kl is constant as shown in section 7.3.5 and the bubble

diameter is also constant. The factor (1- εg) decreases with gas velocity which therefore

decreases the parameter klaR/εg. Additionally, the formation of clusters of small bubbles,

which have smaller GL interfacial area, also decreases klaR/εg. In the transition regime,

klaR/εg increases because the large bubbles increase liquid circulation which breaks the

clusters of small bubbles, thereby increasing the GL interfacial area. The large bubbles
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also have a higher mass transfer coefficient as shown in section 7.3.5. In the heteroge-

neous regime, gas hold-up increases, large bubbles are more frequently formed, kl either

increases or becomes constant. Therefore, kl(1− εg) appears to become constant according

to Equation 7.2. However, for design purposes, the authors caution against the assump-

tion that klaR/εg is constant in the heterogeneous regime.
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Figure 7.5: Regression values of the volumetric mass transfer coefficient versus superficial gas
velocity in the 2D slurry bubble column for demineralized water, carbon particle (0.1-20 g l−1),
and silica particle slurries (0.1-5.0 g l−1).
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Figure 7.6: Regression values of ratio of the mass transfer coefficient based on reactor volume to
the gas hold-up versus superficial gas velocity in the 2D slurry bubble column for demineralized
water, carbon particle, and electrolyte slurries.

7.3.4 Gas-liquid interfacial area

Gas-liquid interfacial area (al) is determined by the gas hold-up and the gas bubble di-

ameter (al = 6εg

db
). The gas-liquid interfacial area (al) is calculated from video imaging

(appendix 7.7). The results are shown in Figures 7.7a and 7.7b for carbon and silica par-

ticle slurry. In the homogeneous regime, al increases linearly up to the first transition

point. The bubbles with small diameter have a low rise velocity that increases al. In the

transition regime, al starts decreasing up to the second transition point due to formation of

large bubbles which have a high rise velocity and low al,large. In the heterogeneous regime,

coalescence and break-up phenomena approach an equilibrium and the average diame-

ter and the frequency of occurrence of large bubbles become nearly constant (Figure 7.2).

Therefore, the observed increase in klal beyond ug = 0.25 m s−1 is primarily by small bub-

bles (al) and high GL mass transfer coefficient (kl). The increase in particle concentration

decreases al and therefore decreases klal.

7.3.5 Gas-liquid mass transfer coefficient

The liquid side mass transfer coefficient (kl) versus superficial gas velocity is calculated

using Equation 7.20. The results are shown in Figure 7.8 for carbon and silica particle

slurries. kl is nearly constant up to a gas velocity of ug = 0.06 m s−1. This constant is ap-

proximately kl,small = 0.5×10−3 m s−1. kl is determined by the slip velocity between the gas

bubble and the liquid and by the bubble diameter. Small and large bubbles are classified
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Figure 7.7: Specific GL interfacial area versus superficial gas velocity calculated from 60 movies of
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in the concentration range of 0.1-5 g l−1, and 21 movies of modified silica particle slurry in the
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based on the Grace chart (Clift et al., 1978) and the bubble velocity-bubble diameter chart

(Wesselingh, 1987). For example, for a 1 mm bubble, Re=79, Eö=0.14; for a 8 mm bubble,

Re=1780, Eö=8.8; and for a 50 mm bubble, Re=28000, Eö=342. Up to ug = 0.06 m s−1, wob-
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bling bubbles of 3-10 mm diameter are present. The slip velocity of these small bubbles

is approximately constant (0.2 m s−1) (Clift et al., 1978; Wesselingh, 1987), therefore kl,small

remains constant. kl increases with increasing gas velocity above 0.06 m s−1 due to increas-

ing size and frequency of occurrence of large bubbles. kl for spherical cap shaped bubbles

(db >20 mm) is higher than for wobbling bubbles due to a rippling mobile GL interface.

kl is not dependent on the particle concentration used in this study. Beenackers and van

Swaaij (1993) reported that kl decreases beyond particle concentrations of approximately

8 vol%. kl is slightly higher for lyophobic carbon and modified silica particles than for

lyophilic silica particles at higher gas velocities.

kl,large is calculated using Equation 7.21. For example, at ug=0.20 m s−1, the small and

large bubble interfacial area is, al,small=68 m2 m−3
l and al,large=45 m2 m−3

l . This results in

kl,large=1.9×10−3 m s−1. This value is nearly 4 times higher than the kl value for small

bubbles. The transfer of gas from the large bubbles to the liquid thin film present at the

reactor wall is also taken into account in this calculation. For a large bubble of 5 cm diam-

eter, ub = 0.71
√

gdb,large ≈ 0.5 m s−1, which results in a contact time of approximately 2 sec

for the bubble column used in this study. For this case, the ratio of the value of kl from the

experiments (kl = 1.07 × 10−3 m s−1) to the value of kl from penetration theory (Higbie’s

model solution for a mobile bubble represented by correlation 3 in Table 7.3, kl = 1.6×10−4

m s−1) is equal to approximately 6.7. Consequently, the transfer of gas from the large bub-

ble to the thin liquid between the reactor wall and the bubble surface becomes important.

All the available literature correlations for the gas-liquid mass transfer coefficient (kl)

are given in Table 7.3. These correlations are rearranged in the form of Sherwood number

as a function of Reynolds number, Schmidt number, and Bond number. In these corre-

lations, the slip velocity and the rise velocity of bubbles are calculated from the Davies

and Taylor (1950) equation: v∞
b = 0.71

√
gdb. The small bubbles (nearly 3-10 mm) present

at the lowest gas velocity in the bubble column are also mobile (Clift et al., 1978; Wessel-

ingh, 1987). Therefore, kl correlations for rigid bubbles were not compared. The results

of Sherwood number are shown in Figure 7.9a versus large bubble diameter. The experi-

mental and correlation based Sherwood number (or kl) is constant for small bubbles and

increases for large bubbles. However, for large mobile bubbles (>20 mm), the literature

correlations underestimate the value of kl. This is because these correlations are not de-

veloped for bubbles up to 30-60 mm in diameter. The correlations of Akita and Yoshida

(1974) and Hughmark (1967), which come closest to the experimental data, are also limited

to the homogeneous flow. Therefore, a new correlation is proposed for the heterogeneous

regime as indicated in Table 7.3. The results are also indicated in Figure 7.9a as a function

of bubble diameter. The parity plot of the correlation based Sherwood number and the

experimental based Sherwood number is shown in Figure 7.9b. The favorable compari-

son of mass transfer results with the proposed correlation in the heterogeneous regime,

provides a framework to optimize the bubble column performance.
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Table 7.3: Sherwood number correlations for liquid side mass transfer coefficient in a bubble column
as a function of Galileo number, Reynolds number, Schmidt number, and Bond number.

No. Original correlation Rearranged correlationa Description

Rigid bubble

1 Sh = 0.6
√

vs

db
D

2/3
m (µl

ρl
)−1/6 db

Dm
Sh = 0.6Re1/2Sc1/3 Frössling Equa-

tion (Frössling,
1938)

2 Sh = 0.31(gµl

ρl
)0.33(Dmρl

µl
)0.67 db

Dm
Sh = 0.39Re2/3Sc1/3 db ≤2.5 mm

(Calderbank
and Moo-Young,
1961)

Mobile bubble

3 Sh = 1.13
√

vsdbD
−1/2
m Sh = 1.13Re1/2Sc1/2 Higbie’s model

solution (Bird
et al., 1960)

4 Sh = 0.42(gµl

ρl
)0.33(Dmρl

µl
)0.5 db

Dm
Sh = 0.53Re2/3Sc1/2 db >2.5 mm

(Calderbank
and Moo-Young,
1961)

5 Sh = 2 + 0.0610 Re0.78 Sc0.55(
gd3

b

D2
m

)0.039 Sh = 2 + 0.063Re0.86Sc0.63 for isolated bub-
bles (Hughmark,
1967)

6 Sh = 2 + 0.0187 Re0.78Sc0.55(
gd3

b

D2
m

)0.039 Sh = 2+0.0192Re0.86Sc0.63 for swarm of bub-
bles (Hughmark,
1967)

7 Sh = 0.5 Sc1/2Bo3/8Ga1/4 Sh = 0.6Re1/2Sc1/3Bo3/8 homogeneous
flow (Akita and
Yoshida, 1974)

8 Sh = 0.15 Re3/4Sc1/2 — homogeneous
flow (Schüegerl
et al., 1977)

9 Sh = 0.083 Re1/2Sc1/2Bo0.768 — Proposed in this
study for large
bubbles (db >20
mm)

a Slip velocity of a bubble is correlated using vs = 0.71
√

gdb from Davies and Taylor (1950).
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Figure 7.9: (a) Comparison of literature correlations and experimentally calculated values of liquid
side mass transfer coefficient (kl) as a function of large bubble diameter (db,large). The experimen-
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number calculated from literature correlations; correlation proposed in this study versus experi-
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7.4 Discussion

Influence of gas velocity: The increase of kl with gas velocity can be related to: (1) the de-

crease of the liquid film thickness (Film theory, Lewis and Whitman (1924)); (2) the de-

crease of the exposure time of the liquid differential volume at the GL interface (Pene-

tration theory, Higbie (1935)); (3) the increase of the kinetic energy (1
2
ρlu

2
b) that the liquid

eddies impinge against the GL interface, which increases the GL film renewal frequency

(Surface renewal theory, Danckwerts (1955)); (4) the exchange of gas between small and

large bubbles by frequent coalescence and break-up, i.e. frequency of refreshment is found

to be at least 4 per second (de Swart et al., 1996); (5) ever-growing formation of large bub-

bles, with no entrainment into the bulk liquid, with a higher shear at the cap side resulting

in a mobile GL interface, and with a high refreshment of fresh liquid, all of which results

in a smaller effective GL boundary layer (Kluytmans et al., 2003).

Influence of particles: The particles at the GL interface may collide, induce local tur-

bulence, refresh the GL boundary layer by mixing it into the bulk liquid, resulting in a

smaller effective boundary layer thickness, and thus high mass transfer. Increasing the

gas velocity will increase the shear stress in the system which eventually, surpasses the

forces induced by the small particles at the GL interface. This decreases its relative contri-

bution on kl.

Coalescence promotion was observed in a stirred slurry reactor (Khare and Joshi, 1990)

and in a slurry bubble column (Gandhi et al., 1999; Koide and Takazawa, 1984; Kara et al.,

1982; Li and Prakash, 2000; Krishna et al., 1997) in the presence of particles. This is at-

tributed to the increase in density and viscosity of the slurry and partial or complete

particle dewetting for lyophobic particles (van der Zon et al., 2002). The mechanism of

viscosity and density of slurry and wettability of particles cannot explain the decrease in

the gas hold-up because: a) The increase in viscosity and density of slurry according to

Barnea and Mizrahi (1973) for 20 g l−1 (4 vol%) is negligible and therefore not important;

b) In the homogeneous regime, there are no large bubbles present, hence bubble coales-

cence and bubble break-up issue seem not to be important; and c) Both lyophobic carbon

and lyophilic silica particles decreases the gas hold-up to the same extent in the homoge-

neous and heterogeneous regimes. Hence, wettability of particles does not seem to play

a role. It is suggested that particles present at the GL interface may decrease the energy

barrier for film rupture, increase the film drainage speed between two approaching bub-

bles, or increase the critical film thickness for bubble coalescence thereby decreasing the

gas hold-up.

Influence of electrolyte: The three effects of electrolyte on kl are: (1) Two opposite pro-

cesses take place in the GL boundary layer of a rising gas bubble: one is electrolyte adsorp-

tion from the medium bulk, and the other is gas component absorption from the bubble.

The moving liquid boundary layer is progressively saturated with the absorbed gas and

adsorbed electrolyte. The accumulation of electrolyte at the GL interface is responsible for

the bubble changing from mobile to rigid by decelerating the motion of the bubble surface.
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As a result, the resistance for the transfer of gas to the bulk liquid increases and kinetic en-

ergy of the bubbles decreases. This decreases kl (Sharifullin and Luebbert, 2002; Llorens

et al., 1988). (2) The presence of electrolyte reduces the interfacial tension thus generating

a gradient of interfacial tension and shear stress along the bubble diameter, as suggested

by Wesselingh (1987). (3) The addition of electrolyte decreases the surface tension of liquid

up to a certain critical concentration, beyond which surface tension doesn’t change, while

the viscosity of solution increases (Atta et al., 2004). Therefore, the liquid side diffusivity

decreases which decreases kl.

Coalescence inhibition was observed in a stirred slurry reactor, but, only in the pres-

ence of electrolyte and combination of electrolyte and particles (Prince and Blanch, 1990;

Lindner et al., 1988; Ruthiya et al., 2003). This is also expected for a slurry bubble col-

umn. The following reasons for bubble coalescence inhibition are suggested. Accord-

ing to the Gibbs-Marangoni effect of surface tension gradients (Weissenborn and Pugh,

1996), the initial laminar flow is disturbed by mixing of molecules or ions in the vicinity

of the GL interface. The viscous drag from the moving interface produces an apprecia-

ble amount of underlying liquid to flow back into the film resulting in a restoration in

thickness of the thinning lamella. The presence of electrolyte decreases the surface tension

of the slurry phase, rigidify the GL interface, and prevent coalescence of small bubbles.

Marrucci (1969), Khare and Joshi (1990), and Prince and Blanch (1990) conclude that due

to ionic forces or the local electrostatic potential at the GL interface, the solution becomes

more cohesive, and the thinning of the intervening liquid film between two approaching

bubbles is retarded. All these effects are attributed to a lower rate of bubble coalescence.

Influence of particles and electrolyte: The addition of electrolyte decreases the agglomer-

ate size of lyophobic particles, whereas for lyophilic particles, no significant change in the

degree of agglomeration has been observed (van der Zon et al., 1999). Ralston et al. (1999)

suggested that an increase in electrolyte concentration reduces the interaction potential

energy barrier between the particle and the bubble. In this way, the probability of adhe-

sion of lyophobic particles to the GL interface increases. Therefore, particle concentration

at the GL interface increases which further increases the rate of turbulence and the rate of

refreshment of liquid at the GL interface. Consequently, kl increases (Ruthiya et al., 2004).

Charged particles in electrolyte solutions experience a short-range repulsive force (electro-

viscous force) when the electrical double layers surrounding each particle begin to overlap

(Chun and Ladd, 2004). This prevents the agglomeration of particles (van der Zon et al.,

1999). Therefore, a higher number of particles is present at the GL interface that stabi-

lizes small bubbles. Thus, the formation of large bubbles by coalescence is delayed. In

the homogeneous regime, it is observed visually and by video image analysis that the

population of small bubbles with relatively small bubble diameter (< 5 mm) increases,

clustering of small bubbles decreases, and liquid circulation decreases (Jamialahmadi and

Muller-Steinhagen, 1990).
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7.5 Conclusions

In this chapter, the gas hold-up, the regime transition point, the volumetric mass transfer

coefficient, the gas-liquid interfacial area, and the liquid side mass transfer coefficient are

investigated for air-water-carbon and air-water-silica slurries with particle concentrations

up to 4 vol% (20 g/l). The following conclusions are made:

• The gas hold-up and the mass transfer coefficient increase with superficial gas ve-

locity and decrease with carbon and silica particle concentration. This decrease is

attributed to coalescence promotion by particles.

• The gas velocity at which the first large bubble diameter appears can be defined as

the first transition point. The gas velocity at which the large bubble diameter and the

frequency of occurrence of large bubbles level off and does not increase with gas ve-

locity can be defined as the second transition point. In the transition region, the gas

hold-up passes over a local maximum followed by a local minimum. Co-incidently,

the local maxima and local minima in gas hold-up are observed close to the first and

second transition points, respectively. The increase in particle concentration shift the

transition points to lower gas velocities and it is expected that at a very high particle

concentration (>10 vol%), the transition regime will turn to single transition point.

• In the homogeneous regime, the gas hold-up and the mass transfer coefficient in-

crease with the addition of electrolyte and combination of particles and electrolyte.

In the heterogeneous regime, the gas hold-up and the mass transfer coefficient in

the presence of electrolyte and combination of particles and electrolyte, are nearly

the same as for demineralized water. The presence of electrolyte prevents coales-

cence of small bubbles. The combination of particles and electrolyte stabilizes the

homogeneous regime to a high gas velocity.

• The mass transfer coefficient is nearly constant in the homogeneous regime and it in-

creases in the heterogeneous regime with gas velocity. The mass transfer coefficient

is independent of the particle concentration.

• The mass transfer coefficient for small wobbling bubbles (kl,small) (3-10 mm) in bub-

ble columns for demineralized water and carbon or silica particles slurries is 5 ×
10−4±20% m s−1. This constancy is in agreement with Higbie’s equation for a mobile

GL interface.

• The mass transfer coefficient for large spherical cap bubbles (2-6 cm) (kl,large) is ap-

proximately 3 times higher than for small bubbles (for example, db,large=5 cm, kl =

1.8× 10−3 m s−1 at ug = 0.2 m s−1). The literature correlations for kl for large bubbles

are not applicable. The GL interface of large bubbles is highly mobile and rippling.

Therefore, a new correlation for the mass transfer coefficient in the heterogeneous

regime in slurry bubble columns is proposed. This correlation is valid up to a large

bubble diameter of 6 cm and up to a gas velocity of 0.4 m s−1:

Sh = 0.083Re1/2Sc1/2Bo0.768 (7.3)
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7.6 Nomenclature

al = GL interfacial area per unit slurry volume, m2
gl m−3

l

aR = GL interfacial area per unit reactor volume, m2
gl m−3

R

db = bubble diameter, m

db,small = small bubble diameter, m

db,large = large bubble diameter, m

Dc = diameter of a 3D bubble column (width of a 2D bubble column), m

dp = diameter of particle, m

Dm = molecular diffusivity of gas in the liquid, m2 s−1

i = one object considered as bubble, -

j = frame, -

k = number of bubbles in one frame, -

kl = pure gas-to-liquid mass transfer coefficient, m s−1

m = number of objects considered as bubbles, -

n = number of frames in which bubble i is detected, -

N = total number of recorded frames, -

t = time, s

tc = contact time, s

ug = superficial gas velocity, m s−1

ub = bubble rise velocity (0.71
√

gdb), m s−1

ub,small = gas velocity referring to the small bubble population, m s−1

u∞
b,small = small bubbles rise velocity in an infinite medium, m s−1

utrans = gas velocity at transition point, m s−1

Vb,large = volume of large gas bubbles, m3

Vb,small = volume of small gas bubbles, m3

Vl = liquid volume, m3

w = weighting factor, defined in appendix 7.7, -

Greek

εg = volume fraction of gas per unit liquid volume, -

εtrans = volume fraction of gas bubbles at transition point, -

ρg = density of gas, kg m−3

ρl = density of liquid, kg m−3

ρs = density of solid, kg m3

∆t = length of the movie in real time, -

∆ρ = density difference between two phases, kg m3

σl = surface tension, N m−1

Dimensionless numbers

Bo = Bond number (
gd2

bρl

σl
), -

Eö = Eötvos number (
gd2

b(ρl−ρg)

σl
), -

Ga = Galileo number (
gρ2

l d3

b

µ2

l

), -
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Re = Reynolds number (ρlubdb)/µl, -

Sc = Schmidt number ( µl

ρlDm
), -

Sh = Sherwood number (kldb

Dm
), -

Abbreviations

2D = two-dimensional (Flat bubble column)

GL = gas-liquid

MTC = mass transfer coefficient

SBC = slurry bubble column
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7.7 Appendix A: High-speed video image processing

A high shutter speed Dalsa MotionVision CA-D6 video camera (Model 0256, Tech5, The

Netherlands) is used to record the video images at a frame rate of 955 Hz, at a height of

58 cm above the sparger in the 2D bubble column. The camera has four 8-bit outputs @ 25

MHz which provide a frame rate of 955 truly, while 100% fill factor ensures that the whole

picture is recorded. The frame size is 0.3m×0.3m with a resolution of 256×256 pixels. Due

to the high capture speed and the fast shutter speed of the camera, enough light should be

provided to capture the images with sufficient contrast. The light is provided by 10 halo-

gen lamps of 500 W each, which illuminate the column indirectly by reflection on a white

screen behind the 2D bubble column. The power of the lamps is transformed from AC to

DC to prevent fluctuations in the light intensity (standard 50 Hz) which would appear in

the captured images when using the AC. The light intensity can be varied from 0-100% of

the total capacity of the lights, and is adjusted to provide a good contrast between the gas

bubbles and the slurry, depending on the composition of the medium in the column.

The imaging technique makes use of the specific gray values of the image for the re-

construction of the image. The gray value of the gas phase is above 180 and the gray value

of slurry phase is below 150 in a scale of 0 (pure black) to 255 (pure white). An appro-

priate threshold between these gray values identifies the two phases (making black and

white images). Therefore, only images with a good contrast between gas and liquid can be

analyzed. In demineralized water and electrolyte solutions, the contrast between the gas

and the liquid phase was too small to even observe the larger bubbles by automatic image

processing. This means that the best analysis is obtained when images of carbon slurries

are used. Hence, for the experiments with silica particles, 0.1 g l−1 carbon was added to

provide the necessary contrast for image analysis. This addition of 0.1 g l−1 of carbon does

not change the gas hold-up and the mass transfer coefficient.

The image processing is used to determine the average large bubble size, the frequency

of occurrence of large bubbles, and the bubble rise velocities in the 2D bubble column.

Since the distance between the perspex plates of the 2D column is 15 mm, only bubbles

with a diameter larger than 15 mm touch both the walls of the column, assuming that no

liquid film remains on the wall. Based on this consideration, the large bubble population

is assumed to start from bubbles with a bubble area of 100 pixels (equivalent to a bubble

diameter of 13.7 mm). The objects smaller than 100 pixels are considered to be small

bubbles. The recorded video images are processed and analyzed with image processing

Matlabr software developed at our laboratory. The area-averaged large bubble diameter,

db,large is calculated as:

db,large,i =

√

√

√

√

4

π

(

∑n
j=1 Areaj,i

n

)

(7.4)

wi =
∆dx,i

0.3 − db,large,i

(7.5)
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Nbubbles =
m

∑

i=1

(wi) (7.6)

db,large =

√

∑m
i=1(db,large,i)2wi

Nbubbles

(7.7)

where

i is the index of objects considered as bubble,

j is the frame number,

n is the number of frames in which bubble i is detected,

∆dx is the total distance in height traveled by a large bubble in the captured area,

w is the weighting factor (equal to ∆dx divided by the maximum distance it could have

traveled),

m is the total number of objects considered as bubble,

Nbubbles is the total number of bubbles,

Areaj,i is the area of all the objects i in frame number j.

The frequency of occurrence i.e., number of large bubbles passing through the column per

second, is calculated as:

Fb,large =
Nbubbles

∆t
(7.8)

where ∆t is the length of the movie in real time. One movie of 10,000 frames corresponds

to 10.5 seconds for one gas velocity.

The hold-up of large bubbles is calculated as:

εb,large =

∑N
j=1

∑k
i=1 Areai,j

N × 256 × 256
(7.9)

where

k is the number of bubbles in one frame,

N is total number of recorded frames.

The gas-liquid interfacial area of large bubbles assuming there is no liquid film present in

between large bubble and perspex column wall is calculated as:

al,large =

∑N
j=1

∑k
i=1 Contouri,j × 0.3

256
× 0.015

0.3 × 0.3 × 0.015

1

1 − εg

(7.10)

The gas-liquid interfacial area of large bubbles if there is a small film of liquid present in

between large bubble and perspex column wall is calculated as:

al,large = εb,large

(

πdb,largeDc
π
4
d2

b,largeDc

+
π
4
d2

b,large × 2
π
4
d2

b,largeDc

)

(7.11)

Between a bubble diameter of 2-10 mm, the rise velocity is only a weak function of

bubble diameter (Clift et al., 1978; Wesselingh, 1987). Therefore, bubbles smaller than

the column thickness (15 mm) are assumed equal in size of 8 mm. The hold-up of small
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bubbles is calculated by subtracting the hold-up of the large bubbles (Equation 7.9) from

the total gas hold-up (Equation 7.1) as:

εb,small = εg − εb,large (7.12)

The gas-liquid interfacial area of small bubbles is calculated as:

al,small = εb,small

πd2
b,small

π
6
d3

b,small

(7.13)

Since the static image does not demonstrate the information on the liquid circulations and

bubble size distribution with gas velocity, further details of the image analysis software

and the video movies are available on our website: http://www.chem.tue.nl/scr. The video

movies are recorded for different concentrations of carbon and silica particles and at dif-

ferent gas velocities, for example, 58 movies for silica particle slurry in the concentration

range of 0.25-5.0 g l−1, 60 movies for carbon particle slurry in the concentration range of

0.1-1.0 g l−1, and 21 movies for modified silica particle slurry in the concentration range of

2-5 g l−1.

7.8 Appendix B: Mass transfer modeling

The two-film model describes the rate of mass transfer in the slurry bubble column. The

liquid was saturated with oxygen after which the gas feed was switched to nitrogen under

exact flow conditions. The method is known as the saturation method. The depletion of

oxygen from the liquid is measured using an electrochemical Ingoldr oxygen sensor and

Model 170 oxygen amplifier (Mettler-Toledo Process Analytical Inc., USA). The sensor is

calibrated for 0% for no oxygen and 100% for a saturated liquid phase oxygen concentra-

tion. The 95% response time of the sensor is less than 0.6 sec at 298 K. The volumetric mass

transfer coefficient is represented by klal and, in most cases, determines the overall rate of

GL mass transfer. Several assumptions were made when using the saturation method:

• The gas side mass transfer resistance is negligible compared to the liquid side mass

transfer. This is because
kg

kl

≈
√

Dg

Dl

≈ 100; as suggested by Wilkinson et al. (1994).

• The small gas bubbles and liquid phase are fully mixed, i.e., τmixing << 1/klal. This

assumption was verified by Letzel and Stankiewicz (1999). They measured the av-

erage liquid circulation time to be one order of magnitude smaller than 1/klal. We

have also verified this assumption by measuring the rate of mass transfer at various

heights in the 2D bubble column, which rendered comparable klal results.

• The amount of dissolved oxygen from the gas bubble into the water is negligible

compared to the amount of gas present in the bubble. This condition was verified

for a bubble with diameter of 1 cm, rise velocity of 0.22 m s−1, and mass transfer

coefficient of 5×10−4 m s−1. With Equation 7.14, it was calculated that the decrease in
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the oxygen gas phase concentration, for this bubble, during its residence time in the

liquid (1.4/0.22≈ 6.4 s), was less than 15%. Additionally, the solubilities of the gases

are so small that the concentration of the gas phase doesn’t change in a noticeable

way. It is therefore assumed that the degree of oxygen depletion is negligible and the

saturation concentration at the GL interface, Ci, is constant throughout the column.

• The time needed to arrive at steady state hydrodynamic conditions after starting

the measurement should be small compared to the saturation time. Otherwise, the

flow pattern and bubble size distribution might be different, leading to a change in

klal. To avoid changes in hydrodynamic conditions, a direct switch from oxygen to

nitrogen gas flow of identical magnitude is used. This way, the volumetric gas flow

is kept constant.

The rate of change of the dissolved-oxygen concentration is given by Equation 7.14:

dCl(t − td)

dt
= klal (Ci − Cl(t − td)) (7.14)

where td is the delay time, i.e., the time needed for the flow of slurry from the column to

the sensor. The hydrodynamic conditions at the membrane surface of the oxygen sensor

have to be constant for reproducible results. Therefore, the oxygen sensor is placed exter-

nally. The sensor is continuously flushed with a constant slurry flow from the column (1

lit/min). For saturation method, Equation 7.14 can be integrated with the initial condition

stating that Cl=Ci at t=0 and Ci=0 for t>0.

Cl(t − td) = Cie
−klal(t−td) (7.15)

The sensor has a first order response to a change in oxygen concentration. This response

is of the order of magnitude of the time constant of the GL mass transfer. Therefore, the

sensor response time should be incorporated in the overall mass transfer model. Equation

7.16 represents the first-order response of the oxygen sensor:

dCsen(t)

dt
= ksen (Csen(t) − Cl(t)) (7.16)

The sensor constant, ksen, is a function of the degree of turbulence at the membrane sur-

face and it changes as a function of mixing intensity, carbon and silica particle concentra-

tion, and electrolyte concentration. Sensor constants were estimated using the saturation

method three times and values in the range of 0.08-0.14 s−1 (±5% error) were calculated.

The values of the sensor constant were then combined with mass transfer coefficient

by substituting Equation 7.15 in Equation 7.16:

dCsen(t)

dt
= ksen

(

Csen(t) − Cie
−klal(t−td)

)

(7.17)
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Figure 7.10: Measured oxygen depletion using Ingold oxygen sensor in the 2D slurry bubble col-
umn; (a) Sensor constant (ksen) for demineralized water, 0.5 g l−1 silica, and 2 g l−1 silica particle
slurry are 0.115 s−1, 0.120 s−1, and 0.125 s−1, respectively; (b) Volumetric mass transfer coefficient
(klal) for 1 g l−1 carbon particle and 0.5 M electrolyte slurry at different superficial gas velocities
in demineralized water, ksen=0.109 s−1, εg = 0.094 (-), 0.294 (-), 0.251 (-); and klal = 0.048 (s−1),
0.105 (s−1), 0.170 (s−1) with increasing gas velocity. The solid lines indicate the fitted oxygen
depletion curve.

Solving the above-mentioned differential equation, we get Equation 7.18:

Csen(t) = Ci −
Ci

ksen − klal

[

ksene−klal(t−td) − klale
−ksen(t−td)

]

(7.18)

The klal was then determined from nonlinear multiple regression of Csen(t) against time t,

by the Levenberg-Marquardt method.

Figures 7.10a and 7.10b in appendix 7.8 show that the regression results of the sensor

constant and the volumetric mass transfer coefficient (klal) are in good agreement with the

measured oxygen depletion for carbon and silica particle slurry concentration at various

superficial gas velocities. The maximum standard deviation in klal is 0.5% at any gas

velocities. The klal was measured as a function of gas velocity, electrolyte concentration,

and carbon and silica particle slurry concentration. The klal values were determined from

the oxygen saturation mode and from the oxygen depletion mode. Values in the range

of 0.02-0.18 s−1 (±5% reproducibility error) were calculated. The volumetric mass transfer

coefficient per unit volume of dispersion (gas + liquid + solid), klaR, is defined by Equation

7.19:

klaR = klal(1 − εg) (7.19)
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The contribution of mass transfer due to the volume fraction of pore filled solid particles

is taken into account in the calculation of gas hold-up which is measured in terms of the

volume of gas divided by the volume of slurry.

The average kl for small and large bubbles is calculated by assuming that the total

measured klal is equal to the sum of the small and large bubble contribution:

kl =
(klal)|Sensor electrode

(al)|Imaging
=

kl,smallal,small + kl,largeal,large

al,small + al,large

(7.20)

Therefore, the mass transfer coefficient for large bubbles, kl,large, can be calculated as:

kl,large =
klal − kl,smallal,small

al,large

(7.21)

where al,large and al,small is calculated from high speed video image processing and kl,small

is measured at low gas velocities where no large bubbles are present.





Chapter 8

Similar effect of carbon and silica catalyst

support on the hydrogenation reaction

rate in organic slurry reactors

Parts of this chapter are excerpts from:

• Ruthiya, K.C., van der Schaaf, J., Kuster, B.F.M., Schouten, J.C., Similar effect of car-

bon and silica catalyst support on the hydrogenation reaction rate in organic slurry

reactors, Chem. Eng. Sci., Accepted, (2005).

Abstract

This chapter investigates the influence of the catalyst support type on mass transport and

reaction rate for the case of hydrogenation of α-methylstyrene to cumene in a gas inducing

stirred slurry reactor and in a slurry bubble column. The reaction is carried out in the pres-

ence of 3% Pd/Carbon and 3% Pd/Silica catalyst particles. The lyophobicity of the two

catalyst supports in the cumene slurry is found to be similar. The overall rate of the hydro-

genation reaction is described by the classical transport and reaction resistances-in-series

model. The rate of gas-to-liquid mass transfer is somewhat larger during reaction than

without reaction. This enhanced mass transfer points to particle-to-bubble adhesion as a

result of the relative affinity of both catalyst supports to the gas phase. The observed reac-

tion enhancements are similar for both Pd/Carbon and Pd/Silica catalyst-cumene slurries.

Keywords: Slurry reactors; Mass transfer; Gas-liquid interface; Modeling; Particle

bubble adhesion; Catalyst lyophobicity.

8.1 Introduction

The commercialization of slurry bubble columns in the chemical and biotechnological in-

dustries has resulted in much attention for the design and scale up of this type of reactor

(Deckwer and Schumpe, 1993; Dudukovic et al., 2002) to carry out slow reactions such

as oxidations or chlorinations, liquid phase methanol synthesis, and Fischer-Tropsch syn-

thesis. Solid-catalyzed gas-liquid reactions are often encountered in fine chemicals and

pharmaceutical industries. These reactions are frequently limited by the transfer of the
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gas, to the liquid, and to the catalyst site. Therefore, exact knowledge of the kinetics of the

chemical reaction and the mass transfer characteristics is desirable.

Antonucci et al. (1994), Dudukovic and Mills (1986), Scholten et al. (1999), and Vleem-

ing et al. (1997) have demonstrated that the lyophobicity of the catalyst support is an im-

portant particle property. Chuang et al. (1994) showed that 1 g of lyophobic 10% Pt/Carbon

catalyst can achieve 93% conversion of formaldehyde as compared to 1% conversion ob-

tained from lyophilic 10% Pt/Silica catalyst, operating under identical conditions over a

reaction period of 1 h. The segregation of catalyst particles in a three phase slurry reactor

can take the form of either catalyst particle agglomeration in the bulk liquid or particle-

to-bubble adhesion (PBA) at the gas-liquid (GL) interface. Agglomeration results in an in-

crease in the effective particle diameter and a decreased mass transfer rate. PBA increases

particle concentration at the GL interface and increases GL mass transfer. This adhesion is

determined by a plethora of parameters, e.g., liquid properties (surface tension, viscosity,

density), particle properties (diameter, lyophobicity, surface roughness, partition coeffi-

cient, i.e., adsorption capacity between liquid and solid), process parameters (mixing in-

tensity, catalyst concentration, gas velocity), and gas-liquid-solid interaction coefficients,

like the three-phase contact angle and the Hamaker constant (Hiemenz, 1986).

In earlier work (Ruthiya et al., 2003b,a, 2004), we have demonstrated the influence

of particle-to-bubble adhesion on the rate of mass transfer in slurry reactors. The effect

of particle-to-bubble-adhesion was described by a direct gas-to-solid (GS) mass transfer

model (Ruthiya et al., 2004). The overall rate of reaction was modeled by the GLS-GS-

model (combination of the classical resistances-in-series GLS-model and the GS-model)

and was demonstrated for the case study of aqueous glucose oxidation. For the aqueous

glucose slurry system, it was found that the total reaction rate was determined up to 90%

by the direct gas-to-solid mass transfer at the GL interface for the Pd/Carbon catalyst and

up to 40% for the Pd/Silica catalyst. Reaction enhancement factors up to 3 were reported.

In the present work, we study the effect of the catalyst support type on reaction rate

and mass transfer in the case of an organic slurry system, i.e., hydrogenation of α-methyl

styrene to cumene. In literature, the knowledge of the influence of the particle support

lyophobicity on gas-liquid mass transfer in organic liquids is only rudimentary (Raffens-

berger et al., 2003). In the aqueous glucose slurry system as used in our previous work

(Ruthiya et al., 2004), the carbon catalyst support is clearly hydrophobic while the silica

catalyst support is hydrophilic (see Table 2.3), which explains the observed difference in

the degree of particle-to-bubble adhesion and its relative contribution to the total reaction

rate. However, in the organic solvent cumene that was used in the present study, no dif-

ference in the carbon and silica catalyst support lyophobicity is observed (see Table 2.3).

This suggests that the degree of particle-to-bubble adhesion is expected to be similar for

both slurry systems, i.e., carbon/hydrogen/cumene and silica/hydrogen/cumene.

The total reaction rate is modeled by the classical resistances-in-series gas-to-liquid-
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to-solid (GLS) model. An investigation is carried out for α-methylstyrene hydrogenation

over 3% Pd/Carbon catalyst and 3% Pd/Silica catalyst in a Gas Inducing stirred slurry Re-

actor (GIR) and in a Slurry Bubble Column (SBC) under mixed mass transport and kinet-

ics limited conditions. The GLS-model well describes the experimental data with varying

catalyst concentration and mixing intensity in both slurry reactors. The observed gas-to-

liquid mass transfer enhancement during reaction is approximately similar for both slurry

systems. This suggests that direct gas-to-solid mass transfer due to particle-to-bubble ad-

hesion is similar for both systems which is in accordance with the similar lyophobicity of

both catalyst supports (Table 2.3 in Chapter 2).

8.2 Experimental set-up and procedure

8.2.1 Gas-liquid-solid system

Two different gases (N2 and H2) and two hydrocarbon type liquids (α-methylstyrene

(AMS) and cumene) are used in the experiments. AMS and cumene are obtained from

Acros Organics (reagent grade, purity>99%). The starting mixture contains AMS and

cumene in a ratio of 80:20 vol%. Literature data on the kinetics of α-methylstyrene hy-

drogenation reaction are given in the appendix. Two different catalysts, 3% Pd/Carbon

and 3%Pd/Silica by weight, are used. The catalyst properties are outlined in Table 2.2 in

chapter 2. The degree of lyophobicity of the two catalysts is characterized by measure-

ments and corresponding calculations of Fourier transform-infrared spectra, the heat of

immersion, the Hamaker constant, and the contact angle, all given in Table 2.3 in chapter

2. It is found that the carbon and the silica catalyst supports in the organic solvent cumene

are comparable in lyophobicity.

8.2.2 Gas-inducing stirred slurry reactor

Figure 3.3b in Chapter 3 shows the schematics of the gas inducing stirred slurry reac-

tor (GIR) for the hydrogenation of AMS to cumene over a Pd catalyst. The GIR is a

double walled glass reactor with a total volume of 1 liter, equipped with four symmet-

rically placed equal sized baffles and a hollow four-bladed gas-inducing impeller. The

experimental set-up is divided in four sections: the gas feed section, the reactor section,

the pressure control section, and the gas outlet section. The reactor temperature is mea-

sured by a thermocouple Pt-100 probe and controlled by a thermostatic bath (Lauda C6

and R22). The pressure in the reactor is monitored using a electronic differential pressure

transmitter (Fischer and Porter type F50 DPF 110-3-B) and controlled using a control box

(Endress+Hauser RIA 250). The pressure sensor is calibrated in the range of 0-15 kPa over-

pressure and the hydrogen overpressure in the reactor is always controlled in between 2

and 8 kPa. The reaction occurs in a closed system, where the decrease in hydrogen pres-

sure is logged. The U-tube manometer in the gas outlet section has a threefold function,

as a measure of the relative pressure in the reactor from the difference in the water level,
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as a maximum pressure setting device (12.8 kPa overpressure corresponding to 1.3 m wa-

ter column), and as a safety device for under-pressure. The two gas bottles in the outlet

section are used for visual indication of the gas flow, and to facilitate the underpressure

safety procedure. The relief valve attached to the differential pressure sensor is to relieve

the pressure of the system.

The physical GL mass transfer coefficient of hydrogen absorption in the organic AMS-

cumene mixture is determined with the dynamic gas absorption method. This method is

based on the dynamic pressure change by hydrogen gas absorption. The mass balance for

a gas dissolving in an ideally mixed liquid phase can be written as:

−Vg

VlRT

dp

dt
= klal

( p

H
− Cl

)

(8.1)

with Cl =
Vg

VlRT
(p0 − p) (8.2)

The Henry coefficient, H, is determined at equilibrium where dp/dt is zero and the pres-

sure equals the equilibrium pressure peq. Substituting this in the above equation gives:

H =
peq

Ci(t = ∞)
=

VlRT

Vg

peq

(p0 − peq)
(8.3)

The measured Henry coefficient is confirmed from the correlation by Stefoglo (1986) re-

ported in Table 8.1. Substituting Equation 8.2 and solving the differential Equation 8.1

from initial time t=0, pressure p=p0, to time t, and pressure p, gives:

klal =
1

t

Q

Q + 1
ln

(

p0

(Q + 1)p − Qp0

)

where Q =
VgH

VlRT
(8.4)

The pressure time series is recorded for the first 60 s in which more than 80% of the liquid

becomes saturated. The recorded pressure time series is fitted to Equation 8.4 and klal is

determined in the presence and in the absence of particles. All the experiments are done

three times and the maximum standard deviation is 4%.

The volumetric reaction rate in the organic AMS-cumene mixture is determined with

the pseudo steady state method, in which the rate of decrease of the pressure of the hy-

drogen gas is monitored in the closed reactor. The rate of reaction is given as:

Rv =
Vg

VlRT

dp

dt
(8.5)

where dp
dt

represents the average slope of the pressure time series (first 300 s). All exper-

iments are done two times and the maximum standard deviation is 5%. The conversion

of AMS is in between 20 to 50% for all experiments. A total of 120 pseudo-steady state

hydrogenation experiments is performed at P=1.02-1.08 bar, T=30◦C. The stirring rate is

varied at each catalyst concentration for each type of slurry.
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8.2.3 Slurry bubble column

Figure 8.1a shows the schematics of the 2-dimensional (2D) slurry bubble column (SBC)

for the hydrogenation of AMS to cumene. The dimensions of the column are 2000×400×10

mm3 (height×width×thickness). A perforated plate sparger is used with a triangular pitch

of 7 mm with 0.5 mm diameter holes. Total number of holes in the sparger is 49. The di-

mensions of the sparger are 38×300×10 mm3 (height×width×thickness). The gas flow is

controlled by mass flow controllers. The set-up can be divided into four subsections: the

gas and slurry feed section, the reactor section, the gas recycle section, and the purge/vent

section. The system is kept in a nitrogen blanket in order to avoid any risk of explosion

due to a possible hydrogen or liquid leakage.

Pressure time series are recorded simultaneously with four fast dynamic pressure sen-

sors (Kulite XCL-100 series, Kulite Semiconductor Products Inc., NJ, USA) which measure

both the static and the dynamic pressure. The sensors are connected at heights of 0.185 m,

0.585 m, 0.985 m, and 1.385 m above the gas sparger. They are mounted flush to the inner

surface of the side wall of the 2D column as shown in Figure 8.1a. The combined non-

linearity, hysteresis, and repeatability accuracy of the Kulite sensor is 0.1% of the full scale

output (1700 kPa). The local pressure signal is recorded for 120 s with a sample frequency

of 50 Hz. The pressure difference between two pressure sensors is used to estimate the

local gas hold-up. The initial liquid height in the 2D column is between 1.2 and 1.4 m,

ensuring that the gas hold-up was independent of liquid height (only above 0.8 m), in

agreement with Kluytmans et al. (2003).

The unconverted hydrogen gas is compressed and recycled. The compression heat and

the heat due to the exothermicity of the reaction (-109 kJ/mol) are removed using a water

cooler/condenser. The reaction occurs in a totally closed system where the decrease in

hydrogen pressure is monitored. The rate of reaction is equal to the rate of addition of hy-

drogen gas to keep the constant pressure in the slurry bubble column as shown in Figure

8.1a. The constant pressure is checked for 300 s for each measurement in order to verify

pseudo steady conditions. The reaction rate is calculated similarly as in Equation 8.5. A

fresh slurry was prepared for each catalyst concentration. The conversion of AMS is in

between 20 and 80% for all experiments. A total of 450 pseudo-steady state hydrogena-

tion experiments is performed at P=1.05-1.1 bar, T=22-40◦C. The maximum temperature

increase during the course of reaction is 20◦C. The influence of temperature on the Henry

coefficient, surface tension, viscosity, intrinsic reaction rate constant, and diffusivity is

taken into account in the reaction rate and mass transfer modeling (section 8.3). All exper-

iments are done twice and the maximum standard deviation is 10%. The superficial gas

velocity is varied at each particle concentration for each type of slurry.
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8.3 Reaction rate and mass transfer modeling

The phenomenon of particle-to-bubble adhesion increases the particle concentration at

the GL interface in three phase slurry reactors (van der Zon et al., 1999; Ruthiya et al.,

2004). When these particles catalyze a chemical reaction at the GL interface, significant

conversion occurs within the diffusion layer around the gas bubbles, thereby increas-

ing the rate of mass transfer. In our earlier studies in aqueous systems (Ruthiya et al.,

2003b, 2004), this phenomenon was observed for hydrophobic Pd/Carbon catalyst and

hydrophilic Pd/Silica catalyst. Therefore, the application of the classical resistances-in-

series gas-to-liquid-to-solid (GLS) mass transfer model (Beenackers and van Swaaij, 1993)

was questionable. A new gas-solid (GS) model was introduced, which describes the direct

gas-to-solid mass transfer from the gas phase to the catalyst particle adhered at the GL

interface. The overall rate of mass transfer was modeled by a combination of the classical

GLS-model and the GS-model (Ruthiya et al., 2004).

In the present study, the heat of immersion measurements in the cumene show that

the degree of lyophobicity of the Pd/Carbon catalyst support and the Pd/Silica catalyst

support is similar (Table 2.3 in Chapter 2) and such that it is expected that the catalyst

particles are predominantly present in the bulk liquid. Therefore, as a first step, we apply

the classical GLS-model to describe the overall reaction rate for AMS hydrogenation. The

GLS-model describes mass transfer from the gas bubble to the ideally mixed bulk liquid,

then from the bulk liquid to the catalyst particle, followed by diffusion to the catalytic site

inside the particle. The mass transfer resistance in the gas phase is neglected. Equation 8.6

gives the overall volumetric reaction rate for the GLS-model, RGLS
v :

RGLS
v =

[

1

klalE
+

dpρp

6ksCcat

+
1

ηmkrLt(r)Ccat

]−1

Ci (8.6)

where E represents the enhancement factor which quantifies the enhanced GL mass trans-

fer during reaction due to possible particle-to-bubble adhesion, Ci,H2
=

pH2

HH2

represents the

concentration of hydrogen at the GL interface, and Lt represents the specific number of Pd

surface atoms, i.e. molPd/kg catalyst, based on the assumption that one Pd surface atom

occupies one catalytic site.

Correlations for the liquid-solid mass transfer coefficient (ks), developed for aqueous

systems with Sc>200, are comprehensively reviewed by Beenackers and van Swaaij (1993).

In the present study, the correlation by Sano et al. (1974) is used:

ShLS = 2 + 0.4Re(1/4)Sc(1/3) (8.7)

ShLS =
ksdp

Dm

ReGIR =
ed4

pρ
3
l

µ3
l

ReSBC =

(

ed4
pρ

3
l

µ3
l

)1/3

Sc =
µl

ρlDm

(8.8)

where e is the specific local energy dissipation rate per unit mass of liquid: eGIR = NpN
3
I d5

I/Vl

and eSBC = ugg. The value of power number, Np = 5, is taken from literature as given in
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Chapter 3. The molecular diffusivity taken from Satterfield et al. (1968) is reported in Table

8.1.

The intrinsic kinetic rate parameter for the hydrogenation reaction, derived on the

basis of a Langmuir-Hinshelwood mechanism, is given as (Kawakami et al., 1976; Maz-

zarino, 1999):

kr =
ksrka

(1 +
√

kaCs)2

1

(Ltρp)lit

(8.9)

where the Arrhenius equation for the surface reaction rate constant, ksr, and the hydrogen

adsorption equilibrium constant, ka, are given in the nomenclature. The literature value of

(Ltρp)lit and the description of the kinetics of the α-methylstyrene hydrogenation reaction

are given in the appendix.

For the GLS-model calculation of the volumetric reaction rate in Equation 8.6, the ef-

fectiveness factor (η) of the catalyst is needed. The local volumetric reaction rate, Rv(r),

at steady state conditions, for a spherical particle with a uniform Pd distribution and con-

stant diffusivity, is given by:

Rv(r) = krLt(r)ρp
Cs

m
=

1

r2

d

dr

(

De

m
r2dCs

dr

)

(8.10)

The following boundary conditions are used to solve this differential equation:

dCs

dr
= 0 at r = 0 (8.11)

De

m

dCs

dr
= ks

(

Cl −
Cs |r=Rp

m

)

at r = Rp (8.12)

Cl is obtained by equating the gas-liquid mass transfer rate and the liquid-solid mass

transfer rate:

Cl =
klalCi + ksasCs/m

klal + ksas

(8.13)

Cs is obtained by equating the rates of gas-liquid transport, liquid-solid transport, and

pore diffusion inside the catalyst particle. The particle averaged volumetric reaction rate,

< rv >, is obtained by integration over the entire spherical particle using a trapezoidal

method:

< rv >=
3

Rp
3

∫ Rp

0

r2Rv(r)dr (8.14)

The effectiveness factor, η, for the eggshell catalyst for a first order reaction is calculated

as:

η =
6De

dCs

dr
|r=Rp

mdp< rv >|Cs

(8.15)

Equations 8.6 and 8.10 are solved simultaneously to calculate the GLS-model reac-

tion rate. Equation 8.10 is solved using a second order Crank-Nicholson finite difference
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method and a concentration profile is obtained. In the interior of the catalyst particle, cen-

tral finite difference is used and for the surface boundary condition, a three-point forward

finite difference approximation is used. The GLS-model is fitted to the experimental “re-

action rate versus catalyst concentration” data for one mixing intensity, from which the

only unknown model parameter, klalE, in Equation 8.6, is determined.

8.4 Results and discussion

8.4.1 Reaction rate in GIR

The volumetric reaction rate versus the catalyst concentration as a function of mixing

intensity is shown in Figure 8.2a for the Pd/Carbon catalyst and in Figure 8.2b for the

Pd/Silica catalyst. The bulk liquid phase concentration of dissolved hydrogen is calcu-

lated from Equation 8.13. This concentration is relatively high (50-70% of the saturation

concentration) at low catalyst concentrations (0.1-1 kg m−3
l ) at all mixing intensities. This

indicates that the reaction is carried out under mixed mass transport and reaction kinetics

limited conditions at low catalyst concentration. With increasing catalyst concentration,

the reaction rate increases up to a certain catalyst concentration, viz., 1 kg m−3
l for the

Pd/Carbon catalyst and 3 to 4 kg m−3
l for the Pd/Silica catalyst. At these concentrations,

the reaction becomes mass transfer controlled. The reaction rate for the Pd/Carbon cat-

alyst is nearly equal to that for the Pd/Silica catalyst. At high mixing intensities for the

Pd/Silica catalyst, the reaction temperature increases from 30◦C to 35◦C; the bulk liquid

phase concentration of hydrogen is high, which increases the reaction rate more than that

observed for the Pd/Carbon catalyst.

The results of the GLS-model are shown in Figures 8.2a and 8.2b. The GLS-model ad-

equately describes the experimental data. The parameter klal is shown in Figure 8.3a. The

results suggest that the rate of reaction is limited mainly by GL mass transfer, however,

the other transport resistances, i.e., liquid-solid mass transfer, and chemical reaction can-

not be neglected (Table 8.2).

klal during reaction (Figure 8.3a) and klal without reaction (Figure 8.3b for the carbon

support and Figure 8.3c for the silica support) are compared to determine possible reac-

tion enhancement due to particle-to-bubble adhesion. klal in the absence of reaction is

determined from the dynamic gas absorption experiments. For both the carbon and the

silica particles, klal increases with mixing intensity, while klal increases only marginally

with the addition of carbon particles at all mixing intensities up to 1 g l−1. Comparison of

Figures 8.3b and 8.3c shows that the influence of these two catalyst supports on klal is in-

significant. For the Pd/Carbon catalyst, klal during reaction is approximately 15% higher

than klal for only the carbon support, while klal for the carbon support is approximately

20% higher than klal for only the liquid. For the Pd/Silica catalyst, klal during reaction is

approximately 15% higher than klal for only the silica support except at the highest mixing

intensity, while klal for the silica support is approximately 25% higher than klal for only the
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liquid. The slight physical enhancement in GL mass transfer for the carbon and the silica

supports can be attributed to refreshment of the GL interface by the boundary layer mix-

ing mechanism (Ruthiya et al., 2003a). The slightly higher reaction enhancement for the

Pd/Silica catalyst in comparison to the Pd/Carbon catalyst at the highest mixing intensity

is due to the higher reaction rate caused by the higher reaction temperature. Therefore, it

can be concluded that the particle-to-bubble adhesion behavior of the Pd/Carbon catalyst

and the Pd/Silica catalyst is approximately the same, resulting in similar reaction rates

and mass transfer enhancement.
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Figure 8.2: Measured and GLS-model volumetric reaction rates in the GIR for 3% Pd/Carbon and
3% Pd/Silica catalyst particles versus catalyst concentration as a function of mixing intensity.
Experimental conditions: P = 1.05 bar, T = 303 K, AMS-cumene mixture, and pure hydrogen gas.

8.4.2 Reaction rate in SBC

The volumetric reaction rate versus the catalyst concentration as a function of the superfi-

cial gas velocity is shown in Figure 8.4a for the Pd/Carbon catalyst and in Figure 8.4b for

the Pd/Silica catalyst. The reaction rate increases with gas velocity due to GL mass trans-

fer limitation. At low catalyst concentration, the reaction rate increases up to a certain gas

velocity, beyond which it stays constant. The bulk liquid phase concentration of dissolved

hydrogen is calculated from Equation 8.13. This concentration is relatively high (40-60%

of the saturation concentration) at low catalyst concentrations (0-2 kg m−3
l ) at all gas ve-

locities. This indicates that the reaction is carried out under mixed mass transport and

reaction kinetics limited conditions at low catalyst concentration. Therefore, with increas-

ing catalyst concentration, the reaction rate also increases up to a certain concentration at

which the reaction becomes GL mass transfer controlled.
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Figure 8.3: (a) The GLS-model volumetric gas-liquid mass transfer coefficient (klal) during hydro-
genation of AMS to cumene in the GIR, (b) Measured klal versus catalyst concentration (carbon
particles) as a function of mixing intensity, (c) Measured klal versus catalyst concentration (silica
particles) as a function of mixing intensity. Experimental conditions in the GIR: P = 1.05 bar, T =
303 K, AMS-cumene mixture (80:20 vol%), and pure hydrogen gas.
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Figure 8.4: Measured and GLS-model volumetric reaction rates in the SBC for 3% Pd/Carbon
and 3% Pd/Silica versus catalyst concentration as a function of the superficial gas velocity. Ex-
perimental conditions: P = 1.08 bar, T = 295-313 K, AMS-cumene mixture, and pure hydrogen
gas.

0.04 0.08 0.12 0.16 0.2

0.05

0.1

0.15

0.2

0.25

0.3

0.35

0
u

g
 (m s−1)

k la l (
s−

1 )

GLS−model (Pd/Silica)
GLS−model (Pd/Carbon)
Behkish et al. (2002)
Jordon and Schumpe (2001)

(a) Mass transfer coefficient

0.05 0.1 0.15 0.2 0.25

0.05

0.1

0.15

0.2

0.25

0.3

0
u

g
 (m s−1)

ε g (
−

)

0.5 g/l Pd/Silica
1 g/l Pd/Silica
2 g/l Pd/Silica
4 g/l Pd/Silica
10 g/l Pd/Silica

(b) Gas hold-up
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diameter in the literature correlation.
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Table 8.1: Physical properties of AMS liquid, physical constants, and intrinsic kinetic constant
as a function of temperature during AMS hydrogenation reaction used in the calculations of the
GLS-model.
Parameter Unit 20◦C 30◦C 40◦C

Ha [kPa mol−1 m3] 34.6 32.2 30.2
Dm × 108 [m2 s−1] 1.10 1.33 1.57
σl × 102 [N m−1] 3.21 3.01 2.98
µl × 104 [Pa s] 7.95 6.86 6.0
ρl [kg m−3

l ] 909.1 900.3 891.4
kr

c [m3
c mol−1

Pd s−1] 3.50 4.95 6.85
kr

d [m3
c mol−1

Pd s−1] 1.50 2.40 3.70

a H = xAMS × 4450 exp(628/T ) + (1 − xAMS) × 4060 exp(597/T );
where xAMS is the mole fraction of AMS (as-
sumed 0.5).

b Dm = (294.64 − 48.632xAMS) ×
10−8 exp

(

−13.4×103

RT

)

; fitted from Satterfield

et al. (1968) for 293 < T < 348 K.
c For Cs up to 0.01 mol m−3

c .
d For Cs up to 3.08 mol m−3

c .

Table 8.2: Percentage of the total resistances-in-series for mass transfer from gas-to-liquid, liquid-
to-solid, and chemical reaction calculated from the GLS-model as a function of mixing intensity
and catalyst concentration in the GIR and in the SBC for Pd/Carbon and Pd/Silica catalyst.

Reactor Conditions 1/klal 1/ksas 1/ηmkrLtCcat

(%) (%) (%)

GIR Pd/Carbon, 800 rpm, 0.5 g/l 77 12 11
Pd/Carbon, 800 rpm, 4.0 g/l 96 2 2
Pd/Silica, 800 rpm, 0.5 g/l 26 17 57
Pd/Silica, 800 rpm, 4.0 g/l 74 6 20

SBC Pd/Carbon, 0.1 m/s, 0.5 g/l 35 14 51
Pd/Carbon, 0.1 m/s, 4.0 g/l 81 4 15
Pd/Silica, 0.1 m/s, 0.5 g/l 19 30 51
Pd/Silica, 0.1 m/s, 4.0 g/l 67 12 21
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The results of the GLS-model are shown in Figure 8.4a for the Pd/Carbon catalyst and

in Figure 8.4b for the Pd/Silica catalyst. The GLS-model adequately describes the experi-

mental data. The Pd/Carbon catalyst and the Pd/Silica catalyst show comparable reaction

rates. The GLS-model parameter klal is shown in Figure 8.5a. The results suggest that the

rate of reaction is limited mainly by GL mass transfer, however, the other transport resis-

tances cannot be neglected (Table 8.2).

klal during reaction and klal without reaction, calculated from the correlations of Behk-

ish et al. (2002) and Jordon and Schumpe (2001) determined for organic slurry bubble

columns, are shown in Figure 8.5a. klal by dynamic gas absorption could not be deter-

mined in the SBC due to experimental set-up limitation. Therefore, klal is calculated from

these literature correlations developed for 3D organic bubble columns:

klal = 0.18 × Sc−0.6

(

ρlµg

ρgMB

)−2.84

(ρgug)
0.49 exp(−2.66εsv) Behkish et al. (2002) (8.16)

ShGL = 0.522×Sc0.5Bo0.34Ga0.27Fr0.72

(

1 + 13.2Fr0.37

(

ρg

ρl

)0.49
)

Jordon and Schumpe (2001)

(8.17)

where, εg

1−εg
= 0.112 × Bo0.16Ga0.04Fr0.7

(

1 + 27Fr0.52
(

ρg

ρl

)0.58
)

For the Pd/Carbon catalyst, klal during reaction is approximately 25% higher than klal

calculated from Behkish et al. (2002) and approximately 250% higher than klal calculated

from Jordon and Schumpe (2001). For the Pd/Silica catalyst, klal during reaction is ap-

proximately 40% times higher than klal calculated from Behkish et al. (2002) and 300%

higher than klal calculated from Jordon and Schumpe (2001). However, it is difficult to

draw firm conclusions based on these differences. It is suggested that the particle-to-

bubble adhesion behavior of the Pd/Carbon catalyst and the Pd/Silica catalyst is approx-

imately the same, resulting in similar reaction rates and mass transfer enhancement.

The gas hold-up versus superficial gas velocity as a function of Pd/Silica catalyst con-

centration in the presence of reaction is shown in Figure 8.5b. Similar order of magni-

tude of the gas hold-up is obtained for the Pd/Carbon catalyst. The gas hold-up in-

creases with gas velocity and is approximately independent of the catalyst concentration

in the ranges used in this study. It is found that the ratio of the mass transfer coeffi-

cient based on the complete dispersion volume (klaR) to the gas hold-up calculated from:

klaR/εg = klal(1 − εg)/εg, is approximately independent of the superficial gas velocity at

gas velocities higher than 0.1 m/s. It equals 0.75±0.10 (s−1) for klal values from Behkish

et al. (2002) and 0.42±0.07 (s−1) for klal values from Jordon and Schumpe (2001).
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8.5 Conclusions and outlook

• 3% Pd/Carbon catalyst particles and 3% Pd/Silica catalyst particles show similar hy-

drogenation reaction rates in the GIR and in the SBC in the organic solvent cumene.

This suggests that direct gas-to-solid mass transfer due to particle-to-bubble adhe-

sion is similar for both systems which is in accordance with the similar lyophobicity

of both catalyst supports.

• The classical GLS-model (mass transfer from gas-to-liquid-to-solid) adequately de-

scribes the experimentally observed reaction rates. The volumetric GL mass transfer

coefficient is a fitting parameter in the model. The main resistance to mass transport

is at the GL interface, but the liquid-solid resistance and the resistance to chemical

reaction are not negligible.

• The volumetric mass transfer coefficient increases with mixing intensity in the GIR

and in the SBC and is higher in the presence of reaction than the physical mass trans-

fer coefficient. The physical GL mass transfer enhancement factor is approximately

1.2 whereas the reactive mass transfer enhancement factor is in between 1.2 and 1.5

in the GIR.

• The magnitude of the physical and the reaction mass transfer enhancement factors

in the SBC should be experimentally evaluated further by the dynamic measurement

of dissolved hydrogen concentration in organic slurries.

• Higher reaction enhancement factors than predicted in this chapter, are expected for

the hydrogenation reaction carried out under complete mass transfer controlled con-

ditions. For example, the reaction should be carried out at approximately 80-90◦C in

the GIR and in the SBC in order to achieve at least 90% GL mass transfer controlled

reaction rates. This eases the investigation of the effect of particle-to-bubble adhe-

sion on mass transport and reaction rate in organic liquids, and in turn, an accurate

estimation can be obtained of the PBA equilibrium constant and the GS mass trans-

fer coefficient during reaction using the GLS-GS-model proposed in earlier work

(Ruthiya et al., 2004).

8.6 Nomenclature

al = surface area of bubbles per unit volume of liquid, m2 m−3
l

as = surface area of particles per unit volume of liquid, m2
c m−3

l

Ccat = total amount of catalyst per unit volume of liquid, kgc m−3
l

Ci = dissolved gas concentration at liquid side of GL interface, mol m−3
l

Cl = dissolved gas concentration in the bulk liquid, mol m−3
l

Cs = dissolved gas concentration in the liquid filled catalyst particles, mol m−3
c

dI = impeller diameter (0.046), m

dp = average catalyst particle diameter, m
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Dm = molecular diffusivity, m2 s−1

De = effective diffusivity calculated from Dmεp/τt, m2 s−1

FECO = fraction of active metal Pd exposed at the catalyst surface, -

e = average specific power input per kg liquid, W kg−1

H = Henry coefficient, Pa mol−1 m3

ka = adsorption rate constant = 8.85 ×10−7exp
(

29540.4
RT

)

(m3
c mol−1)

kl = GL mass transfer coefficient, m s−1

kr = intrinsic reaction rate constant, m3
c mol−1

Pd s−1

ks = liquid-solid mass transfer coefficient, m s−1

ksr = surface reaction rate constant = 1.29 ×1012exp
(−54436.4

RT

)

(mol m−3
c s)

Lt = weight specific Pd surface atoms calculated as %Pd
MPd

FECO, mol kg−1
c ,

m = partition coefficient, m3
l m−3

c

MPd = molar mass of noble metal Pd, g mol−1

MB = molar mass of liquid, g mol−1

NI = impeller rotation speed, rpm

Np = impeller power number (=5), -

PT = power input in aerated stirred slurry reactor (NpρlN
3
I d5

I), W

p = hydrogen pressure in the reactor, Pa

p0 = starting hydrogen pressure in the reactor, Pa

r = radial distance, m

< rv > = particle average volumetric reaction rate, mol m−3
c s−1

R = gas constant, J mol−1 K−1

Rv = volumetric reaction rate, mol m−3
l s−1

Rv(r) = local volumetric reaction rate at any specific radial location, mol m−3
c s−1

T = temperature, K

ug = superficial gas velocity, m s−1

Vg = total volume of the gas phase in the reactor, m3

Vl = total volume of the liquid phase in the reactor, m3
l

Vp = volume of spherical particle, m3
c

vCO = stoichiometric factor equal to 1 for AMS hydrogenation, -

Greek

εg = gas hold-up, -

εp = particle porosity, -

εsv = volumetric solid concentration, % vol

φ = Thiele modulus, -

η = effectiveness factor, -

ρl = liquid density, kg m−3
l

ρp = particle density, kgc m−3
c

µl = viscosity of liquid, Pa s

σl = surface tension of liquid, N m−1

τt = tortuosity, assumed to be 3.2, -
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∆Hi = heat of immersion, mJ m−2

Abbreviations

GIR = gas-inducing reactor

GL = gas-liquid

GS = gas-liquid

GLS = gas-liquid-solid

PBA = particle-to-bubble adhesion

SBC = slurry bubble column

Dimensionless numbers

Bo = Bond number =
gd2

bρl

σl

Fr = Froude number = ug√
gdb

Ga = Galileo number =
gρ2

l d3

b

µ2

l

ReGIR = Reynolds number =
ed4

pρ3

l

µ3

l

ReSBC = Reynolds number =
(

ed4
pρ3

l

µ3

l

)1/3

Sc = Schmidt number = µl

ρlDm

ShGL = Sherwood number =
klald

2

b

Dm

ShLS = Sherwood number = ksdp

Dm
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Chapter 9

Conclusions and outlook

The research work presented in this thesis focuses on the influence of catalyst particle

wettability and the influence of liquid properties on the mass transfer, the hydrodynam-

ics, and the reaction rate in slurry reactors. The research was carried out in three types

of slurry reactors: a surface aeration stirred tank reactor (SAR) with flat gas-liquid (GL)

interface, a gas-inducing stirred tank reactor (GIR), and a 2D slurry bubble column reac-

tor (SBC). Generally, the most important parameters for chemical engineers in academia

and in industry for the design and the improvement of multiphase slurry reactors are: the

gas hold-up (εg), the volumetric mass transfer coefficient (klal), the GL interfacial area (al),

the bubble diameter (db), the liquid side mass transfer coefficient (kl), and the volumetric

reaction rate (Rv). In this thesis, the influence of catalyst particles and the influence of

liquid properties on these parameters with and without chemical reaction are determined

experimentally and/or correlated theoretically. Two Pd-catalyzed reactions are studied:

oxidation of glucose (aqueous phase) and hydrogenation of α-methyl styrene (organic

phase), both on Pd supported carbon and silica catalyst differing in lyophobicity.

A model for mass transfer enhancement by catalyst particles adhering at the GL inter-

face is presented. This mass transfer model is a description of the dynamic equilibrium

between the particle adhesion rate and the particle dehesion rate at the GL interface. The

adhesion and dehesion rates determine the average residence time of the particles at the

interface. This average residence time, the solid-liquid partition coefficient, the particle

diameter, and the distance of the particle to the GL interface determine the rate of mass

transfer by shuttling of the particle between the GL interface and the bulk liquid in the

absence of reaction. In case of a particle catalyzed reaction, the combination of residence

time and reaction rate determines the mass transfer rate. The combination of experiments

in all the three reactors has clarified four possible mechanisms of GL mass transfer en-

hancement: (1) boundary layer mixing, (2) shuttling, (3) coalescence inhibition, and (4)

boundary layer reaction or grazing effect.

In the SAR, the rate of mass transfer increases with stirring speed for all the experi-

ments. The mass transfer coefficient is also increased due to chemical reaction. The addi-

tion of electrolyte decreases the mass transfer coefficient due to a change in surface tension

and viscosity. The addition of particles and electrolyte together increases the mass transfer

coefficient due to a higher probability of particle-to-interface adhesion and low agglom-

eration of particles. The degree of mass transfer enhancement is dependent both on the

particle concentration and the mixing intensity. At low stirrer speeds, mechanism 1 and
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mechanism 4 are dominant. Hydrogen absorption in the organic α-methylstyrene (AMS)

slurry is enhanced by silica particles up to a factor of 1.35 compared to 1.05 with carbon

particles. Oxygen absorption in the aqueous glucose-water slurry is enhanced up to a fac-

tor of 2.5 using carbon particles compared to 1.4 with silica particles, all regarded due to

scraping and mixing of GL boundary layer (mechanism 1). Reaction by particles in the

GL boundary layer (mechanism 4) contributes to an additional enhancement of 3.9 for the

AMS-carbon slurry, 2.8 for the glucose-carbon slurry, 3.0 for the glucose-silica slurry, and

2.1 for the AMS-silica slurry. The mass transfer enhancement decreases with mixing in-

tensity. The experimental enhancement factor and the model enhancement factor under

reactive and non-reactive conditions agree well. The derived mass transfer model is able

to describe physical and reactive mass transfer rates as a function of particle diameter,

liquid-solid partition coefficient, stirring speed, and catalyst concentration.

In the GIR, for aqueous slurry, carbon particles adhere to the GL interface and induce

local turbulence. Collisions of silica particles refresh the GL interface. Both effects enhance

the rate of mass transfer (mechanism 1). For organic slurry, carbon and silica particles

equally refresh the GL interface at low mixing intensities only (mechanism 1). This ef-

fect levels off at high particle concentration. For carbon particles, the enhancement factor

decreases with mixing intensity and then levels off. For silica particles, the enhancement

factor increases with mixing intensity and then levels off. Maximum enhancement fac-

tors of 1.4 (only electrolyte), 1.0 (only carbon), and 3.0 (their combination) prevail at high

mixing intensities (mechanism 3) along with mechanism 1 as a concurrent effect. For the

organic slurry, maximum enhancement factors of 1.3 (carbon particles) and 1.2 (silica par-

ticles) at high mixing intensity (mechanism 3) are obtained. The rate of mass transfer in

an aqueous slurry is much increased for a combination with electrolyte and carbon or

silica particles, which is attributed to an increase in the specific GL interfacial area (mech-

anism 3). For organic slurries, at high mixing intensity, mechanism 3 is also operative

but has a limited effect. The reaction enhancement factor increases with mixing intensity

up to a certain value, after which it becomes constant. The reaction enhancement factor

for the glucose-carbon slurry (1.3-1.5) is comparable to the glucose-silica slurry (1.0-1.3),

and, for the AMS-carbon slurry (1.2-1.4) is comparable to the AMS-silica slurry (1.5-2.0).

In the aqueous glucose slurry, physical enhancement (mechanisms 1 and 3) and reaction

enhancement (mechanism 4) are observed. In the organic AMS-cumene slurry, lyophobic-

ity/lyophilicity affects reaction enhancement only.

For the glucose oxidation reaction at mass transport limited conditions, 3% Pd/Carbon

catalyst particles show a higher reaction rate than 3% Pd/Silica catalyst particles in the

GIR. The two unknown parameters in the combined GLS-GS-model are the PBA equi-

librium constant and the GS mass transfer coefficient during reaction. For the carbon-

supported catalyst, the GS-model governs 90% of the overall rate of reaction. For the

silica-supported catalyst, the GS-model governs 40% of the overall rate of reaction. The

bubble area coverage by catalyst particles decreases with mixing intensity. The mass trans-

fer coefficient during reaction increases with mixing intensity. It is higher for lyophobic
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carbon particles than for lyophilic silica particles. The PBA equilibrium parameter de-

creases with increasing mixing intensity. The PBA equilibrium parameter is much higher

for the carbon-supported catalyst than for the silica-supported catalyst. It is shown that

the combined GLS-GS-model adequately describes the experimentally observed reaction

rates.

In slurry bubble columns, a unique and unambiguous flow regime transition identi-

fication method based on the coherent standard deviation and the average frequency of

pressure fluctuations is presented. In the homogeneous regime, the coherent standard de-

viation of pressure time series is zero and the average frequency of pressure time series

decreases with increasing gas velocity. At the first transition point from the homogeneous

to the transition regime, the first large bubbles are detected, with a diameter of 1.5 cm

and with a frequency of occurrence of one bubble per second. At this point, the coher-

ent standard deviation of the pressure time series increases from zero. In the transition

regime, the diameter and the frequency of occurrence of the large gas bubbles increases

strongly with increasing gas velocity. The coherent standard deviation of pressure time

series increases with increasing gas velocity. The average frequency attains a minimum

and then increases with increasing gas velocity. At the second transition point from the

transition regime to the heterogeneous regime, the average large bubble diameter and the

frequency of occurrence of the large bubbles become constant. At this point, the slope of

the coherent standard deviation versus gas velocity decreases and the average frequency

becomes constant. Co-incidently, the local maxima and local minima in gas hold-up are

observed close to the first and second transition point, respectively. In the heterogeneous

regime, the coherent standard deviation increases proportionally with gas velocity and

the average frequency is constant. The coherent standard deviation clearly marks the first

and the second transition points. The method of the coherent standard deviation and the

average frequency has also been validated in a 3D slurry bubble column.

A simple hydrodynamic gas hold-up model is described for the 2D SBC. The gas hold-

up model connects the homogeneous and the heterogeneous regimes by a transition point.

The large bubble diameter and the frequency of occurrence of large bubbles are experi-

mentally determined and new correlations are proposed for 2D SBC’s. The gas hold-up

model consists of one unknown parameter in the homogeneous regime and one unknown

parameter in the heterogeneous regime. These two fitting parameters can be used to de-

termine the intensity of liquid circulation in bubble columns. The two parameters can be

evaluated experimentally, e.g., by measuring the radial liquid velocity profiles. It is shown

that the gas hold-up model describes the experimental gas hold-up versus superficial gas

velocity results at all particle, electrolyte concentrations, and both the aqueous and the

organic 2D columns. The upward liquid velocity calculated from the two fitting param-

eters shows the right order of magnitude calculated indirectly from the large bubble rise

velocity obtained from high speed video imaging. The two parameters are a function of

the slurry properties and expected to be a function of column geometry.
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In the 2D SBC, it is found that the gas hold-up and the volumetric mass transfer co-

efficient increase with superficial gas velocity and decrease with carbon and silica parti-

cle concentration. This decrease is attributed to coalescence promotion by particles. In

the transition region, the gas hold-up passes over a local maximum followed by a local

minimum. The increase in particle concentration decreases the transition point and it is

expected that at a very high particle concentration (>10 vol%), the transition regime will

turn to a transition point. In the homogeneous regime, the gas hold-up and the mass

transfer coefficient increase with the addition of electrolyte and combination of particles

and electrolyte. In the heterogeneous regime, the gas hold-up and the mass transfer coef-

ficient in the presence electrolyte and combination of particles and electrolyte is nearly the

same as for demineralized water. The combination of particles and electrolyte stabilizes

the homogeneous regime to a high gas velocity. The liquid side mass transfer coefficient

(kl) is nearly constant in the homogeneous regime and it increases in the heterogeneous

regime. kl is independent of the particle concentration (up to 4 vol%) in this study. kl

for small wobbling bubbles (3-10 mm) is 5 × 10−4±20% m s−1. kl for large spherical cap

bubbles (20-60 mm) is approximately 3 times higher than for small bubbles. The literature

correlations for kl for large bubbles appeared not applicable. The GL interface of large

bubbles is highly mobile and rippling. Therefore, a new correlation for kl is proposed.

The correlation is valid up to a large bubble diameter of 60 mm and up to a gas velocity of

0.4 m s−1.

For hydrogenation reaction at mixed mass transport-kinetic limited conditions, hy-

drophobic 3% Pd/Carbon catalyst particles and hydrophilic 3% Pd/Silica catalyst parti-

cles show a comparable reaction rate in the GIR and in the SBC in the organic solvent

cumene. The classical GLS-model (mass transfer from gas-to-liquid-to-solid) adequately

describes the experimentally observed results. The GL mass transfer coefficient is a fit

parameter. The mass transfer coefficient increases with mixing intensity and is higher in

the presence of hydrogenation reaction than in the absence of reaction in both the reactors.

The experimental results on hydrodynamic and mass transfer parameters like klal, al, db

and kl for the organic reactive slurry system in stirred tank and bubble column are also

compared with literature data. The phenomenon of PBA is significant but similar for both

catalysts in organic liquids.

In general, if the adhesion ability of catalyst particles to the GL interface is improved

by modifying the surface properties of the particles, the catalyst particles are then exposed

to a higher dissolved gas concentration, and as a consequence, higher reaction rates can

be obtained. Inversely, if a high gas concentration is undesirable because of selectivity

reasons or catalyst poisoning, a non-adhering catalyst support is preferred.

Outlook

From the author’s point of view, the following issues could be further investigated as an

extension of the research work presented in this thesis.
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1. The mass transfer coefficient and the GL interfacial area in the GIR and in the SBC

should be determined experimentally by using the Danckwert’s chemical method

of CO2 absorption. The method can be used to verify an order of magnitude esti-

mate for this two parameters, independently, which is very important in the GLS-

GS-model. The results can be compared with the results presented in this thesis.

2. The hydrogenation reaction in the GIR and in the SBC should be carried out at high

temperature (calculated around 80-90◦C) in order to achieve at least 90% mass trans-

fer controlled conditions. This alleviate the investigation of the particle-to-bubble

adhesion effect on mass transport and reaction rate in organic liquids, and in turn,

allows an accurate determination of the PBA equilibrium constant and the GS mass

transfer coefficient during reaction using the GLS-GS-model presented in this thesis.

3. It is suggested to include coalescence and break-up frequency of bubbles in the gas

hold-up model. This can be done by modifying the present image analysis algo-

rithm and re-analyze the recorded movies during this project in the aqueous and the

organic 2D SBC’s. Additionally, fundamental study of the influence of adhering cat-

alyst particles on bubble coalescence, bubble rise velocity, and bubble break-up can

be assessed by single bubble experiments in the 2D bubble column.

4. In order to estimate the liquid side mass transfer coefficient accurately in the slurry

bubble column, the small bubble interfacial area must be estimated correctly. For

this, small bubble size distribution (1-10 mm) and their number fraction must be

incorporated. This can be achieved by recording high speed video images of size

5×5 cm2 (256×256 pixels) in a 1 cm thick 2D-slurry bubble column.

5. A fundamental knowledge on how particle-to-bubble interaction is influenced is

needed with respect to the solid properties (lyophobicity, particle size, shape, surface

roughness, porosity, external and internal surface area) and other system properties

like: nature of the gas and the liquid phase, bubble size, presence of electrolyte, and

local shear and turbulence forces. The coverage of the gas-liquid interfacial area by

adhering particles should be investigated as a function of bubble size under static

and dynamic conditions.

6. A strong emphasis should be given on the proper estimation of the partition coeffi-

cient, which is one of the important parameters in the GLS-GS-model presented in

this thesis.

7. The electrical double layer properties of catalyst surfaces have been poorly studied;

there is no extant theory that describes the zeta potential of a bubble or a particle

covered bubble surface as well as there is no experimental evidence. The charging

mechanisms for the GL interface are not understood and potential measurements

are unavailable; the potential at a nanobubble liquid interface may well be different

from an essentially flat GL interface. Thus the electrostatic force between a compos-

ite particle surface and an approaching gas bubble cannot be described at this point
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with any reliability. The same argument can be advanced for van der Waals interac-

tions. It is expected that it takes only a few nanobubbles to change a repulsive van

der Waals interaction between a bubble and a particle (-ve Hamaker constant) to one

which is attractive (+ve Hamaker constant). The problem for a nanobubble covered

surface remains. Both experiments and theory require development here.

8. A higher rate of reaction for the hydrogenation of methyl acrylate was observed at

University of Amsterdam using lyophobic Pd/Silica catalyst (impregnating Pd over

lyophobic silica support), however, at a very small scale (0.2 g/l, 100 ml reactor vol-

ume) where mass transfer parameters of the reaction were unknown. This modifica-

tion of catalyst particles and testing the reactivity of the developed catalyst should

be further investigated at known operating conditions concerning mass transfer. A

suitable method should be designed for the modification of the catalyst at a larger

scale.

9. It is proposed to study mass transfer enhancement and to verify the GLS-GS-model

for the hydrogenation of aqueous glucose or the hydrogenation of aqueous methyl

acrylate over Ru/Carbon catalyst at 10-20 bar, 120◦C in an autoclave type of reactor.

This study is relevant for industrially important conditions.
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