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Summary 

I 

Summary 

 

Separation processes contribute for about 40–70 % to the total energy requirements of the 

chemical process industry. Especially when trace removal is required to manufacture high 

purity products, traditional separation technologies become extremely expensive and are 

not providing satisfying solutions. In this work, trace removal is defined as the separation 

of impurities or (by) products at a level of 100–1000 ppm. The main reason for trace 

removal separation is the need to meet the purity demanded by customers further 

processing and/or legislation. 

 

Distillation is currently used to conduct 90–95 % of all separations in the chemical process 

industry. The drawbacks of distillation are the poor energy efficiency and selectivity. These 

drawbacks are above all applicable to cases where impurities have to be removed with 

molecular structures closely resembling the main component (and hence, having similar 

boiling points) and are present at ppm level in a highly concentrated, organic stream. Two 

representative industrial examples are the separation of ethylbenzene traces (~100 ppm) 

from styrene and dichloroacetic acid (DCA) traces (~1000 ppm) from monochloroacetic 

acid (MCA). Both are examples of close-boiling mixtures (= low relative volatility). 

 

A well-established technology to separate close-boiling mixtures is extractive distillation. 

In extractive distillation, a solvent is added to a distillation column to alter the relative 

volatility of the system to be separated, and, thereby, to reduce the capital and operational 

expenditures (OPEX and CAPEX). Nowadays, extractive distillation is already applied to 

produce high purity products in benzene, toluene, xylene processes with purities up to 

99.995 wt%. Therefore, the main objective of the research described in this thesis was to 

investigate whether extractive distillation could be a promising technology to obtain high 

purity products for the two representative industrial examples. For both cases, the trace 

removal and bulk separation were both performed by extractive distillation processes to be 

able to replace the current separation processes, and thus also achieving process 

intensification. Sulfolane, which is a commonly applied organic solvent, and a wide range 

of ionic liquids (ILs) were investigated for the separation of ethylbenzene from styrene to 

obtain ethylbenzene impurity levels lower than 10 ppm in styrene. Complexing agents 

(extractants) were studied to separate DCA from MCA to obtain high purity MCA (wDCA < 

50 ppm). 

 

First, a solvent/extractant screening study was performed for both industrial cases followed 

by the measurement of binary and ternary liquid–liquid and vapor–liquid equilibrium data 

for the selected solvents and the regression of these data by thermodynamic models. 

Subsequently, the parameters obtained from the regressions were used in equilibrium stage 

process models to setup a conceptual process design for the extractive distillation processes 



Summary 

II 

including solvent regeneration. The conceptual process models that were developed using 

Aspen Plus®, were applied for the calculation of the energy requirements, leading to the 

operational expenditures (OPEX). The capital expenditures (CAPEX) were estimated using 

the Aspen Process Economic Analyzer®, and finally the total annual costs (TAC) were 

estimated from the OPEX and CAPEX. The current distillation unit was used as the 

benchmark process for the ethylbenzene/styrene system. The extractive distillation process 

for the MCA/DCA system could not be compared to the current separation process, 

because no process data is available about this process. Therefore, the added production 

costs per tonne of MCA product were calculated and compared to the current high purity 

MCA market price. 

 

Ethylbenzene/styrene 

A proper solvent should have a high selectivity as well as a high solvent capacity for the 

mixture to be separated by extractive distillation. Preferably, the solvent is even fully 

miscible with the ethylbenzene/styrene system, which was observed for the benchmark 

solvent sulfolane, whereas from the IL screening study it was found that ILs form multiple 

liquid phases with the ethylbenzene/styrene system. However, several ILs outperformed the 

benchmark solvent sulfolane with selectivities up to 2.5, whereas sulfolane displayed a 

solvent selectivity of about 1.6. Furthermore, it was observed from the IL screening study 

that a clear trade-off exists between the solvent capacity and selectivity. The ILs 3-methyl-

N-butylpyridinium tetracyanoborate ([3-mebupy][B(CN)4]), 4-methyl-N-butylpyridinium 

tetrafluoroborate ([4-mebupy][BF4]), and 1-ethyl-3-methylimidazolium thiocyanate 

([EMIM][SCN]) were selected as promising candidates to study in more detail. The solvent 

capacities for ethylbenzene and styrene increase in the order of [EMIM][SCN] > [4-

mebupy][BF4] > [3-mebupy][B(CN)4]. The selectivity for the ethylbenzene/styrene system 

decreases in the same order. Binary and ternary phase equilibrium data were obtained for 

the systems ethylbenzene + styrene + selected ILs, and ethylbenzene + styrene + sulfolane. 

The NRTL model was able to correlate the phase equilibrium data adequately, and the 

parameters that were obtained by regression of the experimental data were used in the 

following chapters in the process simulations.  

 

A very important factor in extractive distillation processes is the recovery of the solvent. If 

that cannot be done adequately and cost effectively, the process cannot be competitive. 

Therefore, a screening of several IL recovery technologies was performed, for which the IL 

[4-mebupy][BF4] was taken as a model IL. It was found that this IL should be purified to at 

least 99.6 wt% in the regeneration section to maintain the distillate and bottom purity 

requirements for the primary separation of ethylbenzene and styrene in the extractive 

distillation column. From the TAC, the overall conclusion can be drawn that evaporation 

using very low pressures (P < 10 mbar) and ethylbenzene stripping, both in combination 

with an evaporator operating at mild conditions (T = 130 oC, Tcondenser = 20 oC), are the most 
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promising technologies to recover styrene monomer from ILs, although the differences in 

TAC compared to stripping with nitrogen for example are rather small. 

 

The conceptual design study of the total extractive distillation process showed that the IL 

[4-mebupy][BF4] outperforms the other two selected ILs [3-mebupy][B(CN)4] and 

[EMIM][SCN] with up to 11.5 % lower energy requirements. The OPEX of the [4-

mebupy][BF4] process are 43.2 % lower than the current distillation process and 5 % lower 

than the extractive distillation process using sulfolane. However, the CAPEX were about 

23 % higher for the [4-mebupy][BF4] process compared to the sulfolane process. Finally, 

from the TAC, the conclusion can be drawn that all extractive distillation processes clearly 

outperform the current distillation process to obtain high purity styrene with up to 40 % 

lower TAC, but that ILs do not perform better than sulfolane. 

 

MCA/DCA 

An adequate extractant should enhance the relative volatility of the MCA/DCA system to a 

value above 1.8 to obtain an energy efficient extractive distillation process, and the formed 

complex between the extractant and the solute should be reversible to regenerate the 

solvent. Moreover, the extractant should be thermally/chemically stable in the strongly 

acidic environment to avoid irreversible extractant loss and considerable by-product 

formation, and the extractant should have a sufficiently high boiling point to facilitate easy 

regeneration. The extractant screening study showed that many extractants outperform the 

benchmark extractant sulfolane with relative volatilities of the MCA/DCA mixture up to 

5.9, whereas sulfolane displays a relative volatility of 1.6. There is, however, a clear trade-

off between the effect of the extractant on the relative volatility of the MCA/DCA system 

and the regeneration ability of the extractant. Extractants with high effect on the relative 

volatility of the MCA/DCA system appeared to be difficult to regenerate in the 

regeneration column. Moreover, only the tested ethers, phosphine oxides, ketones, and the 

benchmark extractant sulfolane were found to be stable in the strongly acidic MCA/DCA 

environment. Finally, the extractant diethylene glycol dipentyl ether (DGDP) was selected, 

which improves the relative volatility of the MCA/DCA system up to 2.1–2.4 at a 

DCA/extractant mole ratio of 1. Moreover, DGDP could easily be regenerated using 

distillation and it was found to be thermally and chemically stable. 

 

After succeeding in finding a promising extractant, binary and ternary VLE data were 

determined for the system MCA + DCA + DGDP at 5, 7.5, and 10 kPa to be able to 

simulate the extractive distillation process. The non-ideal behavior in the liquid and vapor 

phase were well correlated with the NRTL and Hayden-O’Connell (HOC) model, 

respectively. 
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The conceptual design study showed that the TAC for the extractive distillation process are 

1.6 M€/year for a 70.000 metric tonnes annually MCA plant. The addition to the MCA 

production costs are 23 €/tonne MCA product that is rather low compared to the current 

(high purity) MCA price of 1500 €/tonne. Therefore, the conclusion can be drawn that 

extractive distillation using DGDP as extractant is a promising technology to obtain high 

purity MCA. 

 

Overall conclusion and outlook 

From both industry cases, the conclusion can be drawn that extractive distillation is a very 

promising concept to obtain high purity products from close-boiling mixtures by replacing 

the currently applied separation technology. For the ethylbenzene/styrene separation, 

sulfolane slightly outperformed the ILs, and since sulfolane is already applied on industrial 

scale it is easier to implement this solvent on short term. However, for implementation on 

industrial scale, still some further research needs to be performed. 

 

The polymerization rate of styrene in sulfolane requires attention, because some solvents 

can enhance polymerization rates, which affects the required inhibitor flow. Moreover, it is 

crucial to find a separation method to effectively separate heavies, like styrene polymers, 

from ILs. Adding an antisolvent like methanol was tried and seems promising. Finally, 

pilot plant experiments needs to be performed, because mass transfer efficiency influences 

the required packing height and the hydrodynamic capacity of a packing depends strongly 

on the system to be separated. On the long term, the energy efficiency of the 

ethylbenzene/styrene separation by extractive distillation using ILs can be improved by 

screening for an IL, which has a high solvent capacity as well as high selectivity for the 

ethylbenzene/styrene system. Furthermore, finding more possibilities for solvent heat 

recovery in the styrene production process can also improve the energy efficiency 

significantly.  

 

For the MCA/DCA separation, the possible savings in OPEX and CAPEX by the 

application of the extractive distillation process in the current production process should be 

investigated. Furthermore, the thermal/chemical degradation of the extractant DGDP in the 

strongly acidic environment needs to be studied in more detail, because it is essential to 

determine the required extractant make-up flow. Furthermore, it is very important to 

determine which degradation products are formed and where these products will end up. 

Next to that, the effect of impurities in the extractant recycle requires further investigation 

as well. Also for this case, pilot plant experiments should be carried out to determine the 

mass transfer efficiency and the hydrodynamic capacity. 
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Extractive distillation is a promising technology to separate close-boiling mixtures to obtain 

high purity chemicals. Extractive distillation is a hybrid technology, which combines an 

energy separating agent (heat) with an affinity separating agent (solvent). Examples of 

novel liquid affinity separation agents are ionic liquids (ILs) and complexing agents. 

Hybrid technologies require in general lower investment and operating costs compared to 

traditional separation technologies. Although extractive distillation is a promising 

technology and already applied at large scale, it is still too often overlooked. Therefore, the 

aim of this thesis was to investigate whether extractive distillation with affinity solvents can 

be used to obtain high purity products.  
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In the introduction chapter of this thesis, the background of this project is given, followed 

by a description of two representative industrial cases. Hereafter, the extractive distillation 

concept will be explained along with an overview of the reported solvents in literature to 

use in extractive distillation for the two industry cases. Moreover, a description about ILs 

and complexing agents will be given and how they can be applied in extractive distillation. 

In the last section, the scope and outline of this thesis are presented. 

 
1.1. General 

 

1.1.1. Role of Separation Technology in Total Energy Consumption in the Netherlands 

The Dutch government wants to decrease the total primary energy requirements in 2020 by 

30 % [1]. The primary energy requirements in the Netherlands are approximately 2500 PJ 

from which 30 % are allocated to the process industry [2]. One of the ways to achieve the 

goal of 30 % decrease in energy requirements, is to decrease the energy requirements for 

separation technology, which contribute about 40–70 % to the total energy requirements of 

the process industry [3]. The energy requirements can decrease by 225–393 PJ if the energy 

requirements for separation technology decrease by 75 %.   

 

1.1.2. Trace Removal 

The operational and capital expenditures (OPEX and CAPEX) of a separation process 

increase if higher purities are required for a chemical product. Especially when trace 

removal is required to manufacture high purity products, traditional separation technologies 

become extremely expensive and are not providing satisfying solutions. In this work, trace 

removal is defined as the separation of impurities or (by)products present at 100–1000 ppm. 

Trace removal is a problem for which the existing separation technologies are not providing 

satisfying solutions. The main reason for trace removal separations is the need to meet the 

purity demanded by customers/further processing and/or legislation. 

 

Distillation is currently used to conduct 90–95 % of all separations in the chemical process 

industry, because it is known to be a reliable and robust unit operation [3,4]. The drawbacks 

of distillation are the poor energy efficiency and selectivity [5]. These drawbacks are above 

all applicable to cases where impurities have to be removed with molecular structures 

closely resembling the main component and present at ppm level in a highly concentrated, 

organic stream. Especially if a high purity of the desired component has to be achieved, 

many equilibrium stages are required, which can be derived from the Fenske equation [6]:  
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In Equation 1-1, xd and xb are the mole fractions of the most volatile component in the 

distillate and the bottoms, respectively. Nmin is the minimum number of equilibrium stages, 

and α is the relative volatility, which is defined by: 
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where y and x are the mole fractions of the components in the vapor and liquid phases, 

respectively, γi is the liquid phase activity coefficient, P
o is the vapor pressure, and the 

subscript i and j correspond to the components i and j. Figure 1-1 illustrates the required 

number of equilibrium stages as function of the impurity level in the top product for several 

values of the relative volatility at a fixed bottom purity (xb = 0.01). The conclusion can be 

drawn that if the relative volatility of the mixture is rather low (α = 1.2–1.4), relatively 

more minimum equilibrium stages, and thus CAPEX, are required if the required impurity 

level decreases. So, especially for mixtures with a low relative volatility, the CAPEX will 

be high if a low impurity level is required. 
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Figure 1-1: Minimum number of required separation stages (Nmin) as function of  

impurity level for several values of the relative volatility (α). 

 

A high reflux ratio is required for mixtures with low relative volatility as can be derived 

from the Underwood expression [7]:  
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In Equation 1-3, Rmin refers to the minimum required reflux ratio, and xf to the fraction of 

the most volatile component in the feed. In Figure 1-2, the minimum reflux ratio is shown 

as function of the relative volatility. It is clearly shown that if the relative volatility 

increases, the minimum required reflux ratio largely decreases. Since the OPEX are mainly 

dependent on the reflux ratio, the OPEX decreases with increasing relative volatility. 
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Figure 1-2: Minimum required reflux ratio as function of relative volatility (α) for high purity distillate (xd = 1). 

 
Two challenging representative industrial examples are the separation of ethylbenzene 

traces from styrene and dichloroacetic acid traces from monochloroacetic acid. Both are 

examples of close-boiling mixtures, since the molecular structures of the trace components 

are similar to the main component. This requires high CAPEX due to the large minimum 

number of equilibrium stages required and high OPEX, because of the high reflux ratio if 

distillation would be used as separation technology. Both production processes are 

described in the following paragraph in which the disadvantages of their current separation 

processes and possible improvement opportunities are described.  

 
1.2. Production Processes and Improvement Opportunities  

 

1.2.1. Styrene Production 

Styrene is the simplest and by far the most important member of a series of aromatic 

monomers that is used in the plastics industry. Styrene is produced in large quantities with 

an annual global production in 2009 of about 23 million metric tons [8]. It is a versatile 

monomer extensively used for the manufacture of plastics [9]. Nearly 90 % of the 

worldwide produced styrene is manufactured by the dehydrogenation of ethylbenzene [9]. 

The other 10 % is obtained from the coproduction of propylene oxide and styrene, which is 

a more complex and capital-intensive route compared to the ethylbenzene dehydrogenation 

process. The dehydrogenation of ethylbenzene to styrene is an endothermic reaction 

performed at a temperature of 550–680 oC on a promoted iron oxide catalyst. The reaction 

is depicted in Figure 1-3. 
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Figure 1-3: Dehydrogenation reaction of ethylbenzene to styrene and hydrogen [9]. 

 

Next to the ethylbenzene, steam is added to the reactor to provide the heat of reaction. The 

reaction can be carried out isothermally as well as adiabatically and has typically a 

conversion of about 50–70 % per pass through the reactor [10]. The main byproducts from 

the dehydrogenation reaction are benzene and toluene [9]. Moreover, some heavies are 

formed, like cumene and styrene dimers/trimers. A typical product coming from the 

dehydrogenator is given in Table 1-1. The separation of the styrene product from the other 

components is relatively easy, being accomplished by conventional sequential distillation. 

A process scheme of the dehydrogenation process is depicted in Figure 1-4. 

 
Table 1-1: Typical product stream from an ethylbenzene dehydrogenation reactor [10]. 

component structure Tb at 1 atm [oC] concentration [wt%] 

benzene 

 

80.1 1 

toluene 

 

110.6 2 

ethylbenzene 
 

136.2 38 

styrene 
 

145 58 

heavies - >145 1 

  
A typical styrene production plant consists of at least three independent distillation columns 

to separate the various components from styrene. In the first column, benzene and toluene 

are taken overhead (Benzene Toluene Column). The second column recovers the unreacted 

ethylbenzene from styrene (Ethylbenzene Column) and the last column distills styrene from 
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the heavies (Styrene Finishing Column). The Ethylbenzene Column accounts for 75–80 % 

of the total energy requirements of the distillation section. This originates from the low 

relative volatility of 1.3–1.4 [9] of the ethylbenzene/styrene system. The boiling points of 

ethylbenzene and styrene at atmospheric pressure are 136 oC [11] and 145 oC [11], 

respectively. 

 

For a typical 500.000 metric tonnes annually (mta) plant, the Ethylbenzene Column 

consists of 85-100 theoretical stages and uses a reflux ratio of 7.1 [10]. Furthermore, the 

Ethylbenzene Column is operated at deep vacuum conditions (50–200 mbar [12])  to keep 

the temperature as low as possible to prevent styrene polymerization. Styrene polymerizes 

even at low temperatures. To keep the amount of polymerization economically low, a 

polymerization inhibitor is added to the mixture. 

 

Ethylbenzene

Steam

H2 + steam

Benzene

Toluene

Ethylbenzene

Styrene

Heavies

Benzene

Toluene

Ethylbenzene

Styrene

Heavies

Styrene

Heavies

Styrene

Product

Heavies

Ethylbenzene

Benzene

Toluene

Column

Ethylbenzene

Column

Styrene

Finishing

Column

Dehydrogenation

Reactor

 

 
Figure 1-4: Ethylbenzene dehydrogenation process to produce styrene [9]. 

 

Styrene undergoes spontaneous polymerization at a rate of 0.1 % per hour at 60 °C, 2 % per 

hour at 100 °C [13] and 16 % per hour at 130 °C [14]. To maintain the monomer content, 

for quality as well as safety reasons, phenolic polymerization inhibitors are added to 

prevent polymerization. The most commonly used inhibitor is 4-tert-butyl catechol (TBC), 

where the recommended practice of inhibitor (TBC) level is about 10–50 ppm [15]. 

  

In the current separation process, impurity levels of 50–500 parts per million (ppm) of 

ethylbenzene in styrene are obtained [9].  The target is to reach an impurity level of 1–10 
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ppm of ethylbenzene in styrene. One of the options is to remove ethylbenzene traces from 

the final styrene product. However, the Ethylbenzene Column is still required for the 

ethylbenzene/styrene bulk separation. Therefore, it was decided to search for a new 

technology to replace the current Ethylbenzene column. Thereby not only high purity 

styrene can be obtained, but also process intensification can be achieved by reducing the 

energy consumption.  

  

1.2.2. Monochloroacetic Acid Production 

Chlorinated acetic acids are important intermediates in organic synthesis, because of the 

ease of substitution of the chlorine atoms [16]. The major industrial use (30–40 %) of 

monochloroacetic acid is in the manufacture of carboxymethyl cellulose (CMC) and 

pharmaceuticals [17]. The worldwide production of monochloroacetic acid is 500.000 mta.  

 

Monochloroacetic acid is mainly produced by the chlorination of acetic acid using acetic 

anhydride as a catalyst [18]. The main disadvantage of this chlorination process is the 

overchlorination to the undesired dichloroacetic acid [16]. The monochloroacetic acid 

leaving the reactor typically contains 5 wt% dichloroacetic acid [19]. Both reactions are 

illustrated in Figure 1-5. An overview of the process is depicted in Figure 1-6. 

 

  
 

Figure 1-5: Chlorination reactions of acetic and monochloroacetic acid [17].  

 

The product mixture from the chlorination reactor consists of mainly monochloroacetic 

acid, dichloroacetic acid and minor amounts of acetic acid. Because dichloroacetic acid is 

an undesired intermediate chemical, the product mixture from the first reactor is vaporized 

and fed to the hydrogenation reactor. In this reactor, dichloroacetic acid is converted to 

monochloroacetic acid using a catalyst (e.g. palladium). However, part of the 

monochloroacetic acid is converted to acetic acid because of the high concentration of 

monochloroacetic acid in the feed stream to the hydrogenation reactor. A distillation 

column is used to separate the acetic acid from the final monochloroacetic acid product. 

The product mixture from the distillation column consists of mainly monochloroacetic acid 
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and 300 ppm dichloroacetic acid. The whole production plant is made from glass lined 

equipment, because monochloroacetic acid is highly corrosive [16]. 

 

 
 

Figure 1-6: Monochloroacetic acid production process [16].  

MCA = monochloroacetic acid, DCA = dichloroacetic acid.  

 
The required impurity level of dichloroacetic acid in monochloroacetic acid for the CMC 

and pharmaceutical production is 50 ppm. The limit for the dichloroacetic acid 

concentration in these applications is due to inhibiting effects in the CMC production, and 

the carcinogenic properties [20]. Currently, melt crystallization is applied as a final 

polishing step to obtain a dichloroacetic acid impurity level than 50 ppm. The disadvantage 

of melt crystallization is the high monochloroacetic acid loss via the mother liquor [21]. 

Instead of feeding the mixture from the chlorination reactor directly to a hydrogenation 

process, it would be much more efficient if first dichloroacetic acid and monochloroacetic 

acid are separated to avoid conversion of monochloroacetic acid into acetic acid and to 

obtain high purity monochloroacetic acid without using melt crystallization. Additionally, if 

only dichloroacetic acid is fed to the hydrogenator, the required reactor volume can become 

much smaller. By avoiding a distillation and melt crystallization, and reducing the 

hydrogenator size significantly, a substantial overall process efficiency improvement is 

possible. 

 

1.3. Extractive Distillation 

The key factor in distillation is the relative volatility, which is defined in Equation 1-2. If 

components to be separated have a relative volatility close to 1 it is hard to separate them 

by distillation (see Figure 1-1) [3,4]. The ethylbenzene/styrene and monochloroacetic 

acid/dichloroacetic acid mixture are both close-boiling mixtures with relative volatilities of 

respectively 1.3–1.4 [22] and 1.05–1.3 [23]. This makes it very challenging to separate 

these mixtures with ordinary fractional distillation. A well-established technology to 
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separate close-boiling mixtures is extractive distillation [24,25]. In extractive distillation, a 

solvent is added to a distillation column to alter the relative volatility of the components to 

be separated. In this way it is possible to obtain a pure component at the top of the 

distillation column and at the top of de solvent recovery column [24]. A schematic view of 

a typical extractive distillation unit is shown in Figure 1-7. 

 

 
 

Figure 1-7: Schematic view of a typical extractive distillation process  [24]. 

 
The introduced solvent has to enhance the relative volatility as much as possible [26]. Since 

the ratio of vapor pressures for close boiling mixtures closely resembles one, the only way 

to affect the relative volatility is to change the non-ideal behavior of the components in the 

liquid phase (= ratio of activity coefficients): γi/γj. This ratio is called the solvent selectivity: 

 

 

j

i
ij

γ

γ
S =        (1-4) 

 
Moreover, the solvent should have a boiling point of preferably at least 40–50 oC higher 

than  the feed mixture to make the solvent recovery easy [24]. Another important property 

of the solvent is the miscibility with the feed mixture [27]. If the solvent does not mix 

completely with the feed mixture at any concentration, the distribution coefficient also 

plays an important role in selecting a solvent for an extractive distillation process. If the 

distribution coefficient is very large, only a small amount of solvent has to be added to the 

distillation column to obtain a homogeneous liquid phase. This results in a small column 

and low energy requirements to heat up the solvent in the extractive distillation column and 

the solvent recovery column. Thus, the solvent capacity and selectivity have both a strong 

effect on the energy requirements of an extractive distillation process [27]. Nowadays, 

extractive distillation is already applied to produce high purity products in Benzene, 

Toluene, Xylene (BTX) processes with purities up to 99.995 wt% [28].  
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1.4. Ethylbenzene/Styrene Separation 

 

1.4.1 Literature Overview 

Several articles and patents have been published about the ethylbenzene/styrene separation 

by extractive distillation. In all cases, the solvent has more affinity with styrene, which 

originates from the double bond in the side chain of the benzene ring in styrene. This 

double bond gives the molecule a flat structure and enables the π-electrons to be distributed 

in a uniform way above and below the plane of the molecule (π-clouds) [29]. Therefore, the 

polarity of the styrene molecule is higher compared to ethylbenzene, resulting in more 

affinity for polar solvents. An overview of the reported solvents for the 

ethylbenzene/styrene separation by extractive distillation is shown in Table 1-2. From this 

table, the conclusion can be drawn that sulfolane is the most promising solvent to use in an 

extractive distillation process, because it has the largest effect on the relative volatility. 

However, no process design of the ethylbenzene/styrene separation by extractive distillation 

with sulfolane has been reported yet in the literature. One of the disadvantages of sulfolane 

is its relatively low decomposition temperature [30] and the decomposition product SO2 

[31], which causes erosion of equipment [32].  

 

 
Table 1-2: Reported solvents for the ethylbenzene/styrene separation by extractive distillation.  

Solvent type α [-] Reference 

Tetramethyl urea 1.4 [33] 

Styrene tar residue 1.42 [34] 

Nitro compounds 1.4-1.9 [33] 

Nitriles 1.5-2.1 [33] 

Esters 1.6-2.3 [35] 

NMP 2.2 [36] 

Sulfolane 2.4 [28,36] 

 

 
1.4.2. Alternative Solvents 

An alternative for commonly applied organic solvents are ionic liquids (ILs), which have 

recently been reported as promising solvents to apply in extractive distillation processes 

[24,37]. The extractive distillation with an IL as a separation agent integrates the advantage 

of a liquid solvent (easy operation) and solid salt (high separation ability) [24]. Moreover, 

ILs can improve the extractive distillation process due to their interesting properties like 

negligible vapor pressure [38,39], higher affinity towards one of the components in a 

mixture due to possibilities of tailoring properties [39], and the high solvent capacities ILs 

have towards aromatic components [40,41]. The separation of two aromatics, for which the 

ethylbenzene/styrene mixture is representative, by extractive distillation with ILs has not 

been reported yet in the open literature.  
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1.4.3. Ionic Liquids 

ILs are low-melting salts (<100 oC) [42] composed entirely of ions and are a class of novel 

solvents with very interesting properties [42]. Current interest in ILs is driven mainly by 

their proven or potential applications as “green solvents” due to their negligible vapor 

pressure [43]. ILs are extensively studied for use as solvents in separation technology 

[37,44] and reaction processes [45,46]. Next to the negligible vapor pressure, ILs have 

many other attractive properties, which are reported over conventional organic solvents like 

high chemical and thermal stability, and they exhibit a broad liquid range [39,47,48]. 

Moreover, ILs are called designer solvents [44,49]. The properties of an IL are determined 

by the cation-anion combination. A specific IL can be made for a certain separation due to 

the large number of cations and anions available. Commonly reported cations and anions 

are shown in Figure 1-8.  

 
Commonly used cations: 

 

    
1-alkyl-3-methyl 

imidazolium 

N-alkyl 

pyridinium 

Tetraalkyl 

phosphonium 

N,N-Dialkyl 

pyrrolidinium 

 

R1,2,3,4 = CH3(CH2)n (n = 0, 1, 3, 5, 7, 9); aryl; etc 

 

Some possible anions: 

 

Water immiscible  Water miscible 

 

[PF6]
- 

[NTf2]
- 

[BR1R2R3R4]
- 

 [BF4]
- 

[OTf]- 

[N(CN)2]
- 

[CH3CO2]
- 

[CF3CO2]
-, [NO3]

- 

Br-, Cl-, I- 

 
Figure 1-8: Commonly reported cations and anions in ionic liquid systems [43]. 

 
One of the largest barriers to the large scale application of ILs is their relatively high 

viscosity, which is normally two to three orders of magnitude larger than common organic 

solvents [39], which negatively affects the mass transfer rate. The viscosity of ILs is mainly 

determined by hydrogen bonding and van der Waals forces, being strongly dependent on 

the anion type [50]. It is observed that with an increasing temperature the viscosity 

decreases exponentially [51]. A positive finding is that the viscosity of ILs drops 

dramatically in the presence of other molecular solvents, like aromatics and aliphatics [52]. 
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Many ILs are reported to be thermally stable and thus suitable for high temperature 

applications [53]. The thermal stabilities of many ILs have been evaluated using thermo 

gravimetric analysis (TGA) at a heating rate of 10 oC/min [54-56]. The onset and peak 

decomposition temperature are however often overestimated due to this high heating rate 

[57]. The decomposition temperature of the IL 1-butyl-2,3-dimethylimidazolium 

tetrafluoroborate is for example 398 oC at 10 oC/min and 320 oC at 2 oC/min [57]. So, 

conservative conclusions should be drawn from the decomposition temperatures described 

in literature. The decomposition temperatures of ILs seem to be similar for different 

cations, but different for the type of anion [48]. In general, the decomposition temperature 

decreases if the anion hydrophilicity increases [48]. For example, ILs with dicyanamide 

anions are less thermally stable than tetrafluoroborate anions, e.g. the 1-butyl-3-

methylimidazolium ILs with these anions have decomposition temperatures of 240 oC and 

285 oC at a heating rate of 10 oC/min, respectively [58]. 

 

Several applications are already running at pilot plant/industrial scale. In 2002 BASF 

established the first industrial scale IL based process. The so-called BASIL process is used 

for acid scavenging [59]. ILs were also tested already on pilot plant scale for extractive 

distillation; BASF has continuously run an extractive distillation process for the 

water/ethanol separation on pilot plant scale for 3 months [59]. Although temperatures of 

250 oC were reached in the recycling step, the performance of the IL did not deteriorate.  

 

The process design for an extractive distillation unit with ILs is in principle the same as for 

an extractive distillation unit with normal organic solvents. However, the regeneration is 

different. No distillation column is required to regenerate the IL, because ILs have a 

negligible vapor pressure. Possible regeneration options are single stage evaporation 

[37,60], multistage evaporation [61], stripping with nitrogen [37], extraction with 

supercritical dioxide [62,63], stripping with the organic top product from the extractive 

distillation column [64], melt crystallization [65], or a combination of these options. 

Furthermore, organic product can already be taken from the reboiler of the extractive 

distillation column, since the IL has a negligible vapor pressure [37].  

 

 
1.5. Dichloroacetic Acid/Monochloroacetic Acid Separation 

 

1.5.1. Literature Overview 

Two patents are available about the monochloroacetic acid/dichloroacetic acid separation 

by extractive distillation [21,66]. The extractive distillation solvents described in these 

patents are sulfolane and sulfuric acid. Sulfolane has a rather low effect on the relative 

volatility. As also described above in section 1.4.1, sulfolane has the disadvantage that it is 

thermally unstable at higher temperatures. Sulfuric acid increases the volatility of 

dichloroacetic acid instead of monochloroacetic acid [66]. However, sulfuric acid can 
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decompose to sulfur dioxide, water and oxygen [67]. Thus new solvents are required to 

make the monochloroacetic acid/dichloroacetic acid separation by extractive distillation 

feasible.  

 

1.5.2. Alternative 

There is a large difference in the acid dissociation constants (pKa) of both acids. The pKa of 

monochloroacetic acid and dichloroacetic acid are 2.87 and 1.25, respectively [68]. The pKa 

of dichloroacetic acid is lower, which means that dichloroacetic acid is a stronger acid than 

monochloroacetic acid, which can be explained by the electron-withdrawing character of 

chlorine. If this atom is placed on the carbon next to the carboxylic acid group, the acidity 

increases [29]. Since dichloroacetic acid has two chlorines, it is a stronger acid than 

monochloroacetic acid.  

 

The difference in acidity between monochloroacetic acid and dichloroacetic acid can be 

used to form complexes via hydrogen bonding/proton transfer with e.g. tertiary amines, 

trialkylphosphates, and other compounds [69]. This principle is often used to separate 

organic acids from water (reactive extraction) [70,71]. The complexation constant as 

function of the pKa has been investigated by King et al. [72]. The conclusion was drawn 

that the complexation constant increases with decreasing pKa of the carboxylic acids, which 

is illustrated in Figure 1-9. 

 

 
Figure 1-9: Derived values of the complexation constant (K1,1) as a function  

of the acid dissociation constant (pKa) of the extracted acid [72]. 

 
Dichloroacetic acid has a lower pKa than monochloroacetic acid, and therefore 

dichloroacetic acid will form a stronger complex with complexation agents. This separation 

principle can be used in a reactive extractive distillation column and will increase the 
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relative volatility towards monochloroacetic acid. The vapor–liquid equilibrium with and 

without solvent (extractant) is depicted in Figure 1-10. If no extractant is present (Figure 1-

10a), the binary mixture of monochloroacetic acid and dichloroacetic acid will behave 

almost ideal, because both components have similar molecular structures. The relative 

volatility of that binary mixture will be mainly a result of the pure component vapor 

pressure difference between the two components. However, if a basic extractant is added, 

dichloroacetic acid will have more interaction with the extractant because it has a lower pKa 

compared to monochloroacetic acid (Figure 1-10b). Therefore, the equilibrium 

complexation constant of dichloroacetic acid with the extractant is larger compared to the 

equilibrium constant for monochloroacetic acid with the extractant. Consequently, 

dichloroacetic acid prefers to remain in the liquid phase more than monochloroacetic acid 

and the relative volatility of the mixture will increase. A very small amount of extractant 

will also evaporate, since not all the extractant present in the mixture will form a complex 

with both acids. The assumption is made in Figure 1-10b that the complex does not have a 

vapor pressure and therefore will not evaporate. 

 

 
 

Figure 1-10: Vapor liquid equilibrium without (a) and with (b) extractant.  

MCA = monochloroacetic acid, DCA = dichloroacetic acid, E = Extractant. 

 
In the open literature, reactive extractive distillation has already been proposed to separate 

close-boiling mixtures [73-77]. An example is the separation from m-cresol from p-cresol 

by adding diethanolamine or aniline. The boiling points of m-cresol and p-cresol are 203 oC 

and 202 oC, respectively. By adding the extractants to the cresol mixture, the relative 

volatility increases from 1.01 to values up to 2.38 [75]. Based on this information and the 

knowledge on the large pKa difference between monochloroacetic acid and dichloroacetic 

acid, reactive extractive distillation seems very promising to separate the two acids. If this 

technology is successful in separating monochloroacetic acid and dichloroacetic acid, it can 

also be applied to other close boiling mixtures containing two acids. An example is the 
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separation of acrylic acid from propionic acid, which have boiling points of respectively 

141 and 141.2 oC. The pKa difference between these two components is also quite large 

with pKa values of 4.25 and 4.88, correspondingly [68]. 

 
1.5.3. Reactive Extractants 

Reactive extractants, also called complexation agents, can be implemented in many 

different separation processes like solvent extraction, distillative processes, adsorption and 

liquid membranes [69,71]. Complexation is already applied at large scale, mainly for gas 

absorption [78] and hydrometallurgical refining [79]. The complexation agent is chosen as 

to give a strong, specific, yet reversible reaction with the solute [69]. In a process in which 

a reversible chemical reaction is applied, the desired component is in the first step separated 

from the feed mixture. A second process step is required to reverse the reaction to recover 

the extractant and the desired component in its original form [24]. In order for the reaction 

to be reversible, it must have a relative low bond energy. Complexation reactions with bond 

energies above 50 kJ/mol tend to be difficult to reverse [69]. An equilibrium reaction is 

normally expressed as follows: 

 

 m · solute + n · complexing agent  [(solute)m(complexing agent)n]  

 

An equilibrium reaction is always described by an equilibrium constant Kc, which is shown 

in Equation 1-5.  

 

 
[ ]

[ ] [ ]nmc
agentcomplexingsolute

complex
K =    (1-5) 

 
In extractive distillation, the complexation agent is added to modify the liquid-phase 

activity coefficients and thereby increasing the selectivity/relative volatility of the mixture 

[69]. The main criteria by which potential chemical-complexation agents can be evaluated 

[24,69]: 

 

1. The complexation bond energy should be large enough to give a substantial 

improvement (higher selectivity) over conventional mass separation agents. 

2. The complexation bond energy must be low enough so that the complexation is 

reversible. 

3. There should be no side reactions to avoid irreversible loss. 

4. The complexing agent should be thermally stable to prevent extractant loss. 

5. The complexation reaction should have sufficiently fast kinetics in both directions 

so that equipment sizes do not become very large.  

 

Other important factors are the vapor pressure [80] and viscosity [61]. A successful 

example was demonstrated by Lei et al. on bench scale [74]. They were able to separate 
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acetic acid from water by using tri-n-butyl amine as a extractant. The bench scale extractive 

distillation unit consisted of an extractive distillation column (complexation column) and a 

regeneration column (decomplexation column). Distillation is the preferred regeneration 

technology to separate dichloroacetic acid from the extractant since this mixture contains 

two components with a relatively high boiling point difference. Evaporation or stripping for 

example are not feasible options, because the extractant used to separate monochloroacetic 

acid from dichloroacetic acid also has a volatility. Another option is the extraction of 

dichloroacetic acid from the extractant with an aqueous sodium hydroxide solution [81]. 

However, this is an undesirable method since it degrades dichloroacetic acid to its sodium 

salt.  

 

1.6. Scope and Outline 

The scope of this thesis was to investigate whether close boiling mixtures can be separated 

via extractive distillation to obtain high purity products. The close-boiling mixtures 

ethylbenzene/styrene and monochloroacetic acid/dichloroacetic acid were investigated as 

representative examples from the chemical industry. Sulfolane and ILs were investigated as 

the solvents in the extractive distillation process for the separation of ethylbenzene from 

styrene to obtain high purity styrene. The current distillation unit was used as the 

benchmark process. The IL process was also compared to the sulfolane process to 

investigate if ILs can outperform this commonly applied organic solvent in this particular 

extractive distillation. Complexing agents were used to separate dichloroacetic acid from 

monochloroacetic acid via extractive distillation to obtain high purity monochloroacetic 

acid. The extractive distillation for the monochloroacetic acid/dichloroacetic acid 

separation could not be compared to the current separation process, because no process data 

is available about this process. Therefore, the added production costs per tonne of 

monochloroacetic acid product were calculated and compared to the current high purity 

monochloroacetic acid market price. 

 

Process models were required to setup the conceptual design for the extractive distillation 

processes. Equilibrium stage models were used in this thesis to provide the necessary 

thermodynamic parameters for the process models in order to make cost calculations and to 

determine the savings in OPEX and CAPEX. Parameters for the equilibrium stage models 

that were not available from the literature were regressed from experimental data. 

 

The results for the ethylbenzene/styrene system are presented in Chapters 2 to 6. In Chapter 

2, a vapor–liquid equilibrium model is presented for the ternary (benchmark) system 

ethylbenzene + styrene + sulfolane. Subsequently, these results were required in Chapter 3, 

which provides the results for the IL screening study. In Chapter 4, phase equilibrium data 

are presented for the selected ILs including the regression of the data by a thermodynamic 

model. In Chapter 5, the screening of several IL recovery technologies is provided. Chapter 
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6 presents the results for the process models of the extractive distillation processes with 

sulfolane and selected ILs and the comparison to the benchmark distillation process.  

 

The results for the monochloroacetic acid/dichloroacetic acid mixture are described in 

Chapters 7, 8, and 9. The screening of an adequate complexing agent is presented in 

Chapter 7. Vapor–liquid equilibrium data are presented in Chapter 8 for the selected 

complexing agent. In Chapter 9, the process model is presented for the extractive 

distillation process to separate dichloroacetic acid from monochloroacetic. The overall 

conclusions from this research and outlook are presented in Chapter 10.  

 
1.7. Nomenclature 

 

E  extractant 

Kc  complexation constant    mol/L 

N  number of stages       

pKa  acid dissociation constant 

P
o  pure component vapor pressure   Pa 

R  reflux ratio       

S  solvent selectivity   

Tb  boiling point     oC   

x  mole fraction in the liquid phase     

y  mole fraction in the vapor phase     

 

Greek symbols 

α  relative volatility       

γ  activity coefficient      

 

Subscripts 

b  bottom 

d  distillate 

f  feed 

i  component i 

j  component j 

min  minimum 

 

Superscripts 

m  stoichiometry coefficient complexation 

n  stoichiometry coefficient complexation 

 

Abbreviations 

BTX  benzene, toluene, xylene 
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CAPEX  capital expenditures 

IL  ionic liquid 

mta  metric tonnes annually 

OPEX  operational expenditures 

ppm  parts per million 

TBC  4-tert-butyl catechol 

TGA  thermogravimetric analysis 
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Abstract 
Isobaric vapor–liquid equilibrium (VLE) data have been measured for the ternary system 

(ethylbenzene + styrene + sulfolane) and the three constituent binary systems under vacuum 

(5, 10, and 20 kPa). The VLE data of the binary system (ethylbenzene + styrene) measured 

in this work are thermodynamically consistent according to the Herington area test and the 

point test method contrary to the low pressure VLE data about this system available in the 

literature. The binary VLE data were described well by the nonrandom two-liquid (NRTL) 

model. The relative volatility of the system (ethylbenzene + styrene) increases in presence 

of sulfolane from 1.4 up to values of 2.2. The ternary system could only be well-correlated 

when using the ternary VLE data in combination with the binary VLE data as input for the 

regression of the NRTL binary interaction parameters. 
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2.1. Introduction 

Styrene is mainly produced via the dehydrogenation of ethylbenzene [1]. The unreacted 

ethylbenzene and styrene are separated by a vacuum distillation column operating at 5 to 20 

kPa [2]. Due to their close boiling points [3], this distillation column accounts for 75 to 80 

% of the total energy requirement in the separation section [2]. Extractive distillation is a 

promising alternative to reduce the energy requirements to separate ethylbenzene from 

styrene [3,4]. In extractive distillation a solvent is fed to a distillation column, which 

modifies the activity coefficients of the components to be separated and thereby enhances 

the relative volatility [5]. The relative volatility is defined as 
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where y and x are the mole fractions of the components in the vapor and liquid phase, 

respectively, γ is the activity coefficient, P
o is the vapor pressure, and the subscripts 

correspond to components i and j. Sulfolane is a promising solvent, which can increase the 

relative volatility from 1.3 to 1.4 up to 2.4 [3]. Sulfolane is a common solvent in extraction 

and extractive distillation processes [3,6-8]. Nevertheless, no process evaluation is available 

in the open literature for the ethylbenzene/styrene separation by extractive distillation using 

sulfolane. Consistent vapor–liquid equilibrium (VLE) data are required to establish an 

equilibrium process model to investigate the potential to separate the mixture 

ethylbenzene/styrene by extractive distillation using sulfolane [9].  

This requires VLE data for the three binary systems (ethylbenzene + styrene), 

(ethylbenzene + sulfolane), and (styrene + sulfolane), as well as the ternary system 

(ethylbenzene + styrene + sulfolane). In this work an overview is given of the relevant VLE 

data available in the literature of this system followed by the results of the VLE data 

measured in our laboratory. Currently, no ternary data for these systems are reported in the 

literature. Isobaric [10-15] as well as isothermic [16-18] data are presented in the literature 

for the binary system (ethylbenzene + styrene). An overview of the relevant low pressure 

data of the binary system (ethylbenzene + styrene) and the binary systems (ethylbenzene + 

sulfolane) and (styrene + sulfolane) is presented in Table 2-1. For the binary system 

(ethylbenzene + styrene) only the data determined by Aucejo et al. [10], Chaiyavech and 

van Winkle [11], and White et al. [12] are presented in Table 2-1. The other available data 

are thermodynamically inconsistent according to the point test method [19], which was 

reported by Aucejo et al. [10] The experimental data are consistent according to the point 

test method provided that the absolute average deviation between the correlated and the 

experimental vapor mole fractions (AADy) is less than 0.01 and are scattered arbitrary 

around zero [19]. The area method developed by Redlich and Kister [20] and Herington 
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[21] was applied to the available binary VLE data of the system (ethylbenzene + styrene) 

using the Aspen Plus Data Regression tool to determine the thermodynamic consistency. In 

the area method log(γ1/γ2) is plotted as function of the liquid mole fraction. The areas above 

and below the horizontal axis should be equal, where a maximum deviation of 10 % is 

allowed. Later, this method was extended by Herington to be able to apply it also to 

isobaric data [22], since the influence of temperature on the activity coefficients was 

ignored in the original method.  

 

Table 2-1: Overview of reported binary vapor-liquid equilibrium data for the system  

(ethylbenzene + styrene + sulfolane). 

Source 
Isobaric/ 

isothermal 
P [kPa] 

Area consistency 

[%] 
AADy1

a 

Ethylbenzene (1) + styrene (2) 
Aucejo et al. [10] isobaric 5 68.1 0.003 

 isobaric 15 21.3 0.001 

Chaiyavech et al. [11] isobaric 6.7 55.0 0.005 

 isobaric 13.3 51.7 0.004 

 isobaric 26.7 93.2 0.008 

White et al. [12]  isobaric 13.3 51.9 0.01 

 

Ethylbenzene (1) + sulfolane (2) 

Yu et al. [23]  isobaric 101.3 - 0.002 

 

Styrene (1) + sulfolane (2) 

Chen et al. [24] isothermal 0.04-5 - - 
aAverage absolute deviation in vapor mole fraction: ∑ =

−=
N

iy yy)N/(
1

cal

1

exp

11 1AAD  (N, number of data 

points). 

 

From the Herington area consistency test, the conclusion can be drawn that the available 

low pressure (ethylbenzene + styrene) data are thermodynamically inconsistent. To 

determine the consistency of the VLE data, the experimental data of both the liquid and the 

vapor phase have to be known [19,20]. It was not possible to determine the consistency of 

the available (ethylbenzene + sulfolane) and (styrene + sulfolane) data, because the vapor 

phase compositions in these VLE data had to be calculated due to the large volatility 

difference between ethylbenzene/styrene and sulfolane [23]. The binary VLE data of the 

systems (ethylbenzene + sulfolane) and (styrene + sulfolane) were both not determined in 

the required pressure range of 5 to 20 kPa. To obtain a good calculation of the ternary VLE 

data from the binary VLE data sets, it is moreover recommendable to obtain all VLE data 

with the same experimental procedure in the same laboratory [9]. Thus, the three binaries 

and the ternary system were measured to obtain complete and consistent data in the 

required pressure range.  
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2.2. Experimental Section 

 

2.2.1. Materials 

Acetone (≥99.5 %) was obtained from VWR, cyclohexane (≥99 %) and styrene (≥99.5 %) 

from Merck, and ethylbenzene (≥99 %), sulfolane (≥98 %) and 4-tert-butylcatechol (≥98 

%) from Fluka. All chemicals were used without further purification. 

 

2.2.2. Apparatus and Procedure 

All experimental VLE data were measured with an all-glass ebulliometer (Fischer VLE 

602D). The equilibrium chamber in this device is a dynamic recirculating still, equipped 

with a Cottrell circulation pump. A control unit (Fischer VLE 2+) was used to control the 

pressure and immersion heater. The speed of vapor condensation was kept constant at 1 

drop per second. Equilibrium was reached in 30-45 minutes, when the condensation rate 

and equilibrium temperature were constant. The pressure of this apparatus could be 

determined with an accuracy of ± 0.01 kPa. The equilibrium temperature was measured 

with an accuracy of ± 0.1 K. Isobaric VLE data for the binaries (ethylbenzene + styrene), 

(ethylbenzene + sulfolane), and (styrene + sulfolane) as well as the ternary system 

(ethylbenzene + styrene + sulfolane) were determined at 5, 10, and 20 kPa. The VLE data 

for the ternary system was determined at 4 mass based solvent-to-feed (S/F = mass 

solvent/mass feed) ratios; 1, 2, 3, and 4, and three ethylbenzene/styrene mass ratios; 20/80, 

50/50, and 80/20. 4-tert-butylcatechol (0.005 wt%) was added as an inhibitor to prevent 

polymerization to the mixtures containing styrene.  

 

2.2.3. Analysis 

To determine the equilibrium compositions, samples of 20 µL were taken from the liquid 

and condensed vapor phases with a 100 µL syringe. Samples of 120 µL of acetone and 10 

µL of cyclohexane were added as diluent and internal standard, respectively. The 

compositions were determined with a gas chromatograph (Varian CP-3800) equipped with 

a flame ionization detector and a Varian CP-SIL 5CB column (25 m · 1.2 µm). The split 

ratio of the gas chromatograph was 50 and the injection volume 0.5 µL. The oven 

temperature program was 100 oC for 1 min to 300 oC at 40 oC/min. The temperature of 300 
oC was kept constant for two minutes. The concentrations of the components in the vapor 

and liquid phases could be determined with an average deviation in mole fraction of 0.002. 

 

2.3. Results and Discussion 

 

2.3.1. Pure Component Vapor Pressures 

The pure component vapor pressures of ethylbenzene and styrene were determined in the 

relevant temperature range to validate the experimental method and are shown in Appendix 

A. The Antoine equation was used to correlate the vapor pressures of ethylbenzene and 

styrene in Aspen Plus, which is defined as: 
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Where Po
 is the pure component vapor pressure, T is the temperature, and A, B, and C are 

the Antoine parameters. The vapor pressure of sulfolane was calculated using parameters 

from the DECHEMA Chemistry Data Series by Gmehling et al. [25]. The obtained Antoine 

parameters are presented in Table 2-2.  

 

Table 2-2: Antoine parameters of the pure components in Equation 2. 

Component T [K] Ai Bi [K] Ci [K] AADP
a [Pa] 

Ethylbenzeneb 324-364 20.8051 3211.78 -63.05 4.5 
Styreneb 332-373 21.1275 3453.58 -58.50 8.2 

Sulfolanec 391.2-558.2 21.9503 5193.41 -61.76 - 
aAverage absolute deviation in vapor pressure: ∑ −=

N

i
iiP PPN
calexp)/1(AAD  (N, number of data points). 

bAntoine parameters for ethylbenzene and styrene were determined from experimental data. cAntoine parameters 

for sulfolane were taken from ref  25. 

 

The results for the pure component vapor pressures of ethylbenzene and styrene are 

depicted in Figure 2-1 together with the pure component vapor pressure data calculated 

with parameters from Gmehling and Onken [25]. It can be observed that the parameters 

from Gmehling and Onken give a fair correlation of the experimental data reported in this 

work for ethylbenzene (σP = 0.6 %) and styrene (σP = 1.2 %). From the absolute average 

deviation in pressure (see Table 2-2), the conclusion can be drawn that the Antoine 

equation can describe the experimental data very well. 
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Figure 2-1: Pure component vapor pressures: (■), ethylbenzene; (□), styrene; Solid lines, Antoine correlations 

with parameters from Table 2-2; Dashed lines, Antoine correlations from ref 25. 

 

2.3.2. Binary VLE Data 

The experimental temperature–composition diagram and the relative volatility as function 

of the ethylbenzene mole fractions of the binary system (ethylbenzene + styrene) are 

depicted in Figures 2-2 and 2-3, respectively. The experimental temperature-composition 
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diagrams of the binary systems (ethylbenzene + sulfolane) and (styrene + sulfolane) are 

shown correspondingly in Figures 2-5 and 2-6. The experimental values are listed in 

Appendix A.  
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Figure 2-2: Vapor-liquid equilibrium temperature (T) against the liquid phase mole fraction (x1) and vapor phase 

mole fraction (y1) for the binary system ethylbenzene (1) + styrene (2) at 5, 10, and 20 kPa. 

(■), x1; (□), y1; Solid lines, NRTL. 
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Figure 2-3: Relative volatility (α) as function of the liquid mole fraction (x1) in the binary system  

ethylbenzene (1) + styrene (2). (■), 5 kPa; (○), 10 kPa; (▲), 20 kPa; Solid lines, NRTL. 

 

The system (ethylbenzene + styrene) forms an almost ideal mixture. The relative volatility 

of this mixture is increasing with decreasing pressure as is illustrated in Figure 2-3, which 

is a result of the increasing pure component vapor pressure ratio with decreasing 

temperature. It was determined that the experimental data are thermodynamically consistent 

according to the Herington area test method and the point test method. These tests were 

performed with the Aspen Plus Data Regression tool. The area deviations of the Herington 
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method are 3.4, 1.1, and 0.4 % for correspondingly 5, 10, and 20 kPa. An example of this 

area test result is depicted in Figure 2-4 for 10 kPa. 
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Figure 2-4: Thermodynamic consistency test for the binary system ethylbenzene (1) + styrene (2) at 10 kPa.  

(■), experimental data; (―), experimental data fit. 
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Figure 2-5: Vapor-liquid equilibrium temperature (T) against the liquid phase mole fraction (x1) and vapor phase 

mole fraction (y1) for the binary system (ethylbenzene + sulfolane) at 5, 10, and 20 kPa. (■), experimental data. 

(―), x1; (– –), y1; NRTL correlations with parameters determined solely from binary VLE data. (–·–), x1; (---), y1; 

NRTL correlations with parameters determined from a combination of binary and ternary VLE data. 
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Figure 2-6: Vapor-liquid equilibrium temperature (T) against the liquid phase mole fraction (x1) and vapor phase 

mole fraction (y1) for the binary system (ethylbenzene + sulfolane) at 5, 10, and 20 kPa. (■), experimental data. 

(―), x1; (– –), y1; NRTL correlations with parameters determined solely from binary VLE data. (–·–), x1; (---), y1; 

NRTL correlations with parameters determined from a combination of binary and ternary VLE data. 

 

The vapor concentration of sulfolane could not be determined with the gas chromatograph 

due to the big volatility difference between ethylbenzene/styrene and sulfolane. However, 

to regress the VLE data, the sulfolane vapor concentration is required. Raoult’s law was 

applied to obtain an initial value for the sulfolane vapor concentration. The binary VLE 

data were correlated in Aspen Plus with the NRTL [26] activity coefficient model. The 

NRTL model is able to correlate from binary interaction parameters binary, as well as 

ternary VLE data [27]. The Wilson model is also able to do this, however, the Wilson 

model was not able to describe the ternary VLE data reported in this work adequately. The 

required binary interactions parameters for the NRTL model are given by Equation 2-3. 

 

( ) 1,2wherefor =≠α=ατα−==τ j,iji,expG,
RT
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 (2-3) 

 

Aij is a parameter characterizing the interaction energy between the molecules i and j and is 

acquired by regression of the experimental VLE data. The nonrandomness parameter αij 
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was kept constant at 0.3, which is ordinary for nonpolar systems [26]. The vapor phase was 

considered as ideal, since the experimental pressures were well below atmospheric pressure 

[27]. The ordinary least-squares method was used as objective function (OF) and is defined 

as  

∑∑
== 
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where NDG is the number of data groups, wn is the weight of data group n, N is the number 

of data points, i is the data for data point i, and σ is the standard deviation of the indicated 

data. The binary interaction parameters and correlation statistics obtained from the 

regression of the experimental data are summarized in Tables 2-3 and 2-4, correspondingly. 

By inspection of Figures 2-2 to 2-5 and the correlation statistics presented in Table 2-4, the 

conclusion can be drawn that the NRTL model adequately describes the binary 

experimental data.  

 

2.3.3. Ternary VLE Data 

The effect of the solvent-to-feed ratio on the relative volatility α is shown in Figure 2-7 for 

an ethylbenzene/styrene mass ratio of 50/50. The results for the ethylbenzene/styrene 

ratio’s 20/80 and 80/20 are comparable and are listed in Appendix A.  
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Figure 2-7: Relative volatility (α) of the ethylbenzene (1) + styrene (2) system in presence of sulfolane as function 

of the molar solvent-to-feed (S/F) ratio. (■), 5 kPa; (○), 10 kPa; (▲), 20 kPa; experimental data. (—), 5 kPa; (– –), 

10 kPa; (···), 20 kPa; Relative volatility calculated with NRTL parameters determined from a combination of 

binary and ternary VLE data. (·—·), 5 kPa; (··–··), 10 kPa; (·–·), 20 kPa; Relative volatility calculated with NRTL 

parameters determined solely from the three binary systems. 

 

It can be seen from Figure 2-7 that sulfolane largely increases the relative volatility of the 

(ethylbenzene + styrene) system. The relative volatility increases with increasing solvent to 

feed ratio and decreasing pressure. The increase of the relative volatility with an increasing 

solvent-to-feed ratio is a common behavior of ternary systems in extractive distillation units 
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[5,28,29]. The increasing relative volatility with decreasing pressure can be explained by 

the higher pure component vapor pressure ratio at lower temperatures, similar to the binary 

system (ethylbenzene + styrene). Moreover, the ratio of activity coefficients increases 

slightly with decreasing pressure. 

With the binary NRTL interaction parameters determined for the three constituent binary 

systems, a calculation was made for the relative volatility to investigate if the ternary 

system could be calculated from the parameters determined solely for the binary systems. 

Although many ternary systems can be described by interaction parameters determined for 

the binary systems [27,30-34], for the ternary system studied in this work it was not 

possible, as illustrated in Figure 2-7. The dashed lines in this figure do not fit well with the 

experimental values for the relative volatility. This can be explained by the change in 

thermodynamic behavior of the ternary system compared to the binary system, which is 

presented in Figure 2-8. In this figure the activity coefficients of styrene γSM in the binary 

system (styrene + sulfolane) and the ternary system (ethylbenzene + styrene + sulfolane) 

are plotted.  
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Figure 2-8: Activity coefficient of styrene(γSM) in the binary system (styrene + sulfolane) as well as the ternary 

system (ethylbenzene + styrene + sulfolane) as function of the styrene liquid mole fraction (xSM) at 5 kPa. ■, 

Activity coefficient of styrene (γSM) in binary system (styrene + sulfolane); □, S/F = 1; ○, S/F = 2; ∆, S/F = 3; ◊, 

S/F = 4; (γSM) in ternary system (styrene + ethylbenzene + sulfolane); —, NRTL correlations for the binary VLE 

data; – –, NRTL correlations with parameters determined from a combination of binary and ternary VLE data. 

 

In the binary system (styrene + sulfolane) the activity coefficient of styrene increases with 

decreasing styrene mole fraction, which is a common behavior of binary systems 

[23,24,27,35,36]. In the ternary system, however, the activity coefficient of styrene slightly 

decreases with decreasing styrene mole fraction. Therefore, the experimental relative 

volatility is larger compared to the relative volatility calculated from the parameters solely 

determined from the binary systems.  
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Table 2-3: NRTL binary interaction parameters for the three binary systems determined from the binary VLE data 

and combination of binary + ternary VLE data 

System A12/J·mole-1 
A21/J·mole-1 

α12 

 From solely binary VLE data 
Ethylbenzene (1) + Styrene (2) 2532.5 -1884.9 0.3 (fixed) 

Ethylbenzene (1) + Sulfolane (2) 6473.0 1821.3 0.3 (fixed) 

Styrene (1) + Sulfolane (2) 5435.3 1310.0 0.3 (fixed) 

 From binary + ternary VLE data 

Ethylbenzene (1) + Sulfolane (2) 11393.5 1677.1 0.321 

Styrene (1) + Sulfolane (2) 15713.9 1055.5 0.352 
 

Table 2-4: Absolute average deviations in vapor mole fraction, pressure and relative volatility for the calculation 

of the VLE data by the NRTL model. 

System AADy1
a AADT

b/K AADα
c 

 From solely binary VLE data 
Ethylbenzene (1) + Styrene (2) 0.0011 0.1 0.015 

Ethylbenzene (1) + Sulfolane (2) 0.0011 1.5  

Styrene (1) + Sulfolane (2) 0.0020 2.0  

 From binary + ternary VLE data 

Ethylbenzene (1) + Sulfolane (2) 0.0001 1.8  

Styrene (1) + Sulfolane (2) 0.0020 2.8  

Ethylbenzene (1) + Styrene (2) + Sulfolane (3) 0.0044 2.4 0.043 
aAverage absolute deviation in vapor mole fraction: ∑ −=

N

i
y yyN

cal
1

exp
11 )/1(AAD (N, number of data points). 

bAverage absolute deviation in pressure: ∑ −=
N

i
P PPN

calexp
)/1(AAD . cAverage absolute deviation in relative 

volatility of the ternary VLE data : ∑ −=
N

i
N

calexp)/1(AAD ααα
. 

 

A new regression was performed to determine improved interaction parameters that are 

able to describe the ternary as well as the binary VLE data. The binary interaction 

parameters determined for the binary system (ethylbenzene + styrene) were kept constant, 

and the parameters determined for the binary systems (ethylbenzene + sulfolane) and 

(styrene + sulfolane) were adjusted during the regression of the ternary VLE data. The 

binary and ternary VLE data were both used as input for the regression. Weight factors of 

10 and 1 were given to the ternary and binary VLE data, respectively. The weight factor of 

10 dedicated to the ternary data was essential to get a proper correlation for the relative 

volatility of the ternary system. Furthermore, it was required to regress also the 

nonrandomness parameter to get a proper correlation for the ternary VLE data. The 

improved binary interaction parameters determined for the combination of the binary and 

ternary VLE data are given in Table 2-4. From Figure 2-7, the conclusion can be drawn that 

the improved binary interaction parameters provide a much better description of the ternary 

VLE data. Nevertheless, the binary VLE data of the systems (ethylbenzene + sulfolane) and 

(styrene + sulfolane) are described less accurately if the binary and ternary VLE data are 

regressed together. This conclusion can be drawn from the temperature–composition 
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diagrams depicted in Figures 2-5 and 2-6 and from the correlation statistics shown in Table 

2-4. 

 

2.4. Conclusions 

In this work, isobaric binary and ternary VLE data were determined for the system 

(ethylbenzene + styrene + sulfolane) under vacuum (5, 10, and 20 kPa). The measured 

binary VLE data of the system (ethylbenzene + styrene) is thermodynamically consistent in 

contrast to the available data in literature. All binary experimental VLE data could be well-

correlated by the NRTL model. It was not possible to adequately correlate the experimental 

ternary VLE data with the binary interaction parameters determined for the binary systems, 

since the activity coefficient of styrene slightly decreases with decreasing mole fraction in 

the ternary system, unlike in the binary system. The ternary system (ethylbenzene + styrene 

+ sulfolane) can only be described well if the ternary data are also included in the 

regression of the binary interaction parameters. 

 

2.5. Nomenclature 

 

aij   binary interaction parameter   J/mole 

A   Antoine parameter 

B,C   Antoine parameters   ` K 

F   feed 

G   coefficient as defined in Equation (2-3) 

n   data group 

N   number of data points 

p   total pressure     Pa 

p
o
   pure component vapor pressure   Pa 

S   solvent 

T   temperature     K 

w   weight of data group 

x   mole fraction in the liquid phase 

y   mole fraction in the vapor phase 

 

Greek symbols 

α   relative volatility 

αij   nonrandomness constant 

τ   coefficient as defined in Equation (2-3) 

γ   activity coefficient 

σ   standard deviation 
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Subscripts 

cal   calculated 

exp   experimental 

i   component i 

j   component j  

 

Abbreviations 

AAD   absolute average deviation 

EB   ethylbenzene 

NDG   number of data groups 

NRTL   nonrandom two-liquid 

OF   objective function 

SM   styrene monomer 

VLE   vapor–liquid equilibrium 
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Abstract 
The separation of ethylbenzene from styrene by distillation is very energy intensive due to 

the low relative volatility of 1.3–1.4. Extractive distillation is a promising alternative to 

separate the close-boiling mixture, in which the solvent selection is crucial for the process 

feasibility. In this work, an ionic liquid screening study by liquid–liquid equilibrium (LLE) 

experiments has been performed to investigate whether ionic liquids (ILs) show potential to 

separate ethylbenzene from styrene by extractive distillation. The screening method by LLE 

experiments was validated by vapor–liquid equilibrium experiments for several ILs. The 

performance of the ILs was compared with the benchmark solvent sulfolane, which 

displays a selectivity around 1.6. Several ILs outperform sulfolane with selectivities up to 

2.6. From the results of the LLE experiments it was concluded that there is a clear trade-off 

between capacity and selectivity. ILs with a high capacity usually have a low selectivity, 

whereas ILs with high selectivity exhibit low capacity. Both cation and anion structure 

strongly influence the performance. The highest selectivities (of 2.4–2.6) were obtained 

with ILs containing aromatic cations, and anions with localized electrons. The largest 

capacities (of 0.45–0.6 for styrene) were obtained for ionic liquids with delocalized 

electrons in the anion and large alkyl chain length in both cation and anion. 



Chapter 3 

36 

3.1. Introduction 

Styrene is most commonly produced via the catalytic dehydrogenation of ethylbenzene [1]. 

Deep vacuum distillation in the pressure range of 5–20 kPa is generally used in this process 

to separate the unreacted ethylbenzene from styrene. Due to the low relative volatility of 

1.3–1.4 [2], the distillation of ethylbenzene from styrene accounts for 75–80 % of the total 

energy use in the distillation section of a typical styrene production plant [3]. A dramatic 

reduction in both capital and energy expenses may be obtained when the traditional 

distillation is replaced by extractive distillation [2]. In extractive distillation, the relative 

volatility is enhanced by feeding a solvent to the column that modifies the activity 

coefficients of the components to be separated [4]. Typical organic solvents used in 

extractive distillation are sulfolane, n-methyl pyrrolidone and n-formyl morpholine [4-8]. 

Sulfolane is known to have a large effect on the relative volatility of an 

ethylbenzene/styrene mixture [2,9]. The solvent selectivity of sulfolane towards styrene in 

this mixture is around 1.6 [9]. However, the disadvantage of sulfolane is its low 

decomposition temperature [10]. 

An alternative with large potential is to use ionic liquids (ILs), which have recently been 

reported as promising solvents for extractive distillation processes [4,11,12], as well as in 

other separation technologies [11,13]. In separation technology, ILs are mainly used to 

separate aromatics from aliphatics [14-17], olefins from aliphatics [18,19], alkynes from 

olefins [20,21], sulfur and nitrogen containing compounds from aromatics/aliphatics 

[15,22-24], and alcohols/aldehydes/ketones/ethers from aliphatics/aromatics [16,25]. ILs 

are low melting salts (< 100 oC) [26], composed entirely of ions and are a class of solvents 

with very interesting properties [26]. The current interest in ILs is mainly driven by their 

proven or potential applications as “green solvents” due to their negligible vapor pressure 

[27,28]. An IL in an extractive distillation process integrates the advantages of a liquid 

solvent (easy operation) and a solid salt (high separation ability) [4,19]. In order to optimize 

the properties of ILs, regarding the requirements of the extractive distillation process, the 

cation-anion combination can be varied (for this reason, ILs are designer solvents) [29,30]. 

With respect to the ethylbenzene/styrene separation by extractive distillation, the high 

chemical and thermal stability [31], the broad liquid range [32], and the high capacity of 

ILs for aromatic compounds [17,33] are advantageous properties. 

To the best of our knowledge, the separation of close-boiling aromatic mixtures using ILs 

has not been reported yet. Because of the industrial relevance [1], the separation of 

ethylbenzene from styrene has been chosen as a model system for close-boiling aromatic 

mixtures. The aim of the study reported here was to find an IL with a high selectivity for 

the ethylbenzene/styrene separation, in combination with an as high as possible solvent 

capacity. These features (selectivity and capacity) are crucial for the capital and operational 

expenditures of an extractive distillation process [34,35]. Momoh et al. [34] investigated the 

effect of the solvent selectivity on the total annual costs of an extractive distillation unit. 

The main conclusion of Momoh et al. [34] was that the larger the selectivity of the solvent, 
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the lower the annual costs. This can be explained by the fact that if the selectivity of the 

solvent increases, the relative volatility of the mixture to be separated also increases, 

resulting in a reduction in the number of equilibrium stages and the reflux ratio. This 

decreases the operational as well as the capital expenditures. Kossack et al. [35] determined 

that the capacity of the solvent also has a significant effect on the total annual costs for 

systems in which the solvent has a miscibility gap with the feed mixture. The main 

conclusion from their work was that next to the selectivity, also the capacity should be 

sufficiently high to keep the total costs of an extractive distillation unit economical. If the 

solvent capacity is large, less solvent is required to obtain a homogeneous liquid phase in 

the extractive distillation column. If less solvent is needed, the required energy for heating 

up the solvent in the extractive distillation and solvent recovery column decreases. Because 

of the low solubility of ILs in aromatics [36], many ILs do not form a homogeneous liquid 

phase with many aromatics over the full composition range [25,37,38]. Therefore it is 

important to look at the capacity as well. 

Because of the relevance of the selectivity as well as the capacity, these two features were 

investigated for a range of 37 ILs using liquid–liquid equilibrium (LLE) measurements. 

LLE measurements were performed, because from vapor–liquid equilibrium (VLE) 

experiments only the selectivity can be determined. The selectivities obtained from the LLE 

experiments were subsequently validated by performing VLE measurements for three ILs. 

The relation between the LLE and VLE selectivity is presented in section 2 of this chapter 

along with the procedure of the IL screening. In section 3 the syntheses of several non-

commercially available ILs are described. Moreover, the experimental procedure of the 

LLE and VLE experiments are given in this section. The validation of the LLE experiments 

by the VLE experiments are presented first in section 4 followed by the influence of the 

temperature on the styrene and ethylbenzene capacity, and thereby the solvent selectivity. 

Next, the influence of the different cation and anion structures on the capacity and 

selectivity is shown. The results section ends with the main conclusions obtained from this 

work and a comparison of the IL performance with the benchmark solvent sulfolane by 

showing the effect of the selectivity on the required reflux ratio in the extractive distillation 

column.   

 

3.2. Theory and Procedure for Ionic Liquids Screening 

 

3.2.1. Theory: Liquid–Liquid and Vapor–Liquid Selectivity 

The primary screening of ILs for the ethylbenzene/styrene separation was done using LLE 

experiments, because from VLE experiments only the selectivity can be obtained. 

Moreover, LLE experiments are easier to perform and far less labor intensive than VLE 

experiments. The data from the LLE experiments can subsequently be used to ensure a 

homogeneous liquid phase in VLE experiments. From the LLE experiments, the solvent 
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selectivity S can be calculated from the ratio of the solvent capacities D, which can be 

calculated from the mole fractions x of the components in the IL and organic phase [39]: 
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In Equation 3-1, SM, EB, and IL represent styrene, ethylbenzene, and ionic liquid. In 

extractive distillation, the relative volatility is important [4]: 
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where y and x are the mole fractions of the components in the vapor and liquid phase, 

respectively. γ Is the activity coefficient, and Po is the pure component vapor pressure. To 

be able to calculate the relative volatility directly from the LLE experiments, it is better to 

replace the ratio of activity coefficients in Equation 3-2 by the solvent selectivity. At 

equilibrium, thermodynamics requires the activity of each component to be equal in both 

liquid phases [39]: 

 
OrgOrg

i

ILIL

iii xx γ=γ       (3-3) 

 

Replacing the mole fractions with the activity coefficients yields for the selectivity and 

neglecting the solubility of ILs in the organic phase [36]: 
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Assuming a negligible solubility of the ILs in the ethylbenzene/styrene mixture, the organic 

phase consists of only ethylbenzene and styrene. Because the ethylbenzene/styrene mixture 

behaves nearly ideal [9], the assumption was made that the ratio of activity coefficients in 

the organic phase is equal to one. The equation for the selectivity can be combined with 

Equation 3-2: 
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The selectivities obtained from the LLE experiments were compared with the selectivities 

from the VLE experiments, to validate if the observed selectivities from the LLE 

experiments are reliable for the estimation of the relative volatility, and thus for the 

screening procedure.  

 

3.2.2. Procedure IL Screening 

There is no data available in the literature about the screening of ILs for the separation of 

close-boiling aromatic mixtures with ILs. However, many data is already available for 

several other hydrocarbon/hydrocarbon separations [14-25]. The reported solvent capacities 

and selectivities for those separations were used to make a first estimate on promising 

cation-anion combinations. For example it is known that ILs containing anions with large 

electron delocalization, like [N(CN)2]
- and [B(CN)4]

- have a high solvent capacity for 

aromatics [40]. A total of 37 ILs were thus proposed, which are listed in Table 3-1.  

ILs with six different types of cations were examined in this study, based on promising 

results in other hydrocarbon separations. Cations can be roughly divided in aromatic and 

aliphatic cations. ILs with aromatic cations studied in this work were imidazolium and 

pyridinium-based. ILs with aliphatic cations were pyrrolidinium, phosphonium, 

ammonium, and sulfonium-based. 

Imidazolium-based ILs are the most commonly applied in separation technology, and have 

a large affinity towards aromatic components [14,15,25]. The alkyl chain length of the 

imidazolium cation was varied from ethyl to hexyl. Besides the commonly used alkyl 

groups as a side chain, three other imidazolium-based ILs with different type of side chains 

were investigated. One with a hydroxyethyl group to study the effect of a polar group in the 

side chain. Another with an allyl group, because this gives the imidazolium cation a flat 

structure, just like styrene, which could increase the capacity as well as selectivity. The last 

one is an imidazolium cation with a benzyl group as a side chain, which increases the 

aromaticity [41]. 

Pyridinium-based ILs with alkyl chains are also commonly used for aromatics extraction 

[40]. One pyridinium-based IL contained a nitrile group in the side chain of the pyridinium 

ring. Other cations studied that are less commonly reported in hydrocarbon/hydrocarbon 

separations are based on pyrrolidinium [42], phosphonium [43], ammonium [44], and 

sulfonium [45]. 

Several anions were tested to investigate the effect of the anion structure on the capacity 

and selectivity. Anions can be divided in three categories [46,47]: a) spherical anions, 

anions with a spherical shape like [BF4]
- for example, without charge distribution; b) 

spherical anions with linear chains and slight charge distribution; c) small linear anions 

with explicit charge distribution. The performance of all anion structures were studied with 

the [EMIM]+ cation to be able to compare the different anion structures with each other. No 

ILs were investigated with the anions [PF6]-, Cl- and I-. The anion [PF6]- can decompose to 

HF [48], and ILs containing anions like Cl- and I- show strong corrosion behavior [14,49]. 
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Moreover, both anions have high melting points (> 80 oC) [47], which makes them 

unsuitable for the separation of ethylbenzene from styrene by deep vacuum extractive 

distillation. 

The ILs 1–7, 9–19, 21–29, and 31–37 were obtained commercially, the ILs 8, 20, 29, and 

30 were not available commercially, and therefore synthesized in our lab. All ILs were 

liquid at room temperature except for the ILs 8 and 12.  

 

3.3. Experimental Section 

 

3.3.1. Chemicals 

Acetone (≥99.5%) was obtained from VWR, cyclohexane (≥99%) and styrene (≥99.5%) 

from Merck, ethylbenzene (≥99%) and 4-tert-butylcatechol (≥98%) from Fluka, acetone-d6 

(99.96 at.% D), sodium dicyanamide (≥96%), and potassium methyltrifluoroborate (≥98%) 

from Aldrich. The purities in weight percentage were provided by the suppliers. The ILs 

and some key intermediates used in this study along with their abbreviation, supplier and 

purity are listed in Table 3-1. The synthesized ILs are described in the following section. 

All ILs were dried in a rotary evaporator (Büchi Rotavapor R-200) and stored under 

vacuum in a desiccator filled with molecular sieves. All chemicals were used without 

further purification. 

 

3.3.2. Ionic Liquid Syntheses 

Anion exchange (metathesis) is a common procedure to prepare ILs [50-52]. The ILs 3-

cyano-N-butylpyridinium dicyanamide,1-ethyl-3-methylimidazolium methyltrifluoroborate, 

1-allyl-3-methylimidazolium dicyanamide, and 1-benzyl-3-methylimidazolium 

dicyanamide were all prepared using the anion exchange procedure, stirring a mixture of a 

sodium or potassium salt with the desired anion together with a chloride of the desired 

cation in 500 mL acetone for 60 h at room temperature. During the reaction, the formed 

NaCl or KCl precipitated, and was filtered off. After evaporation of the acetone, the 

completeness of the reactions was verified with 1H-NMR (Varian Oxford NMR 200MHz, 

using acetone-d6 as solvent). 

 

3-cyano-N-butylpyridinium dicyanamide 

The reaction of 3-cyanobutylpyridinium chloride (34.6 g, 0.176 mole) and sodium 

dicyanamide (16.2 g, 0.182 mole) yielded 38.4 g (0.169 mole, 96 % yield) of 3-cyano-N-

butylpyridinium dicyanamide, appearing as a dark reddish brown solid. 1H-NMR (200 

MHz, acetone-d6): 9.91 (s, 1H), 9.57 (m, 1H), 9.17 (m, 1H), 8.54 (m, 1H), 4.97 (m, 2H), 

2.16 (m, 2H), 1.5 (m, 2H), 0.98 (m, 3H). 
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1-ethyl-3-methylimidazolium methyltrifluoroborate 

The reaction of 1-ethyl-3-methylimidazolium chloride (11.4 g, 0.078 mole) and potassium 

methyltrifluoroborate (10.3 g, 0.084 mole) yielded 15.6 g (0.080 mole, 95 % yield) 1-ethyl-

3-methylimidazolium methyltrifluoroborate, a viscous  yellow liquid. 1H-NMR (200 MHz, 

acetone-d6): 9.28 (s, 1H), 7.80 (s, 1H), 7.72 (s, 1H), 4.4 (m, 2H), 4.01 (s, 3H), 1.52 (m, 3H), 

-0.41 (s, 3H). 

 

1-allyl-3-methylimidazolium dicyanamide 

The reaction between 1-allyl-3-methylimidazolium chloride (22.4 g, 0.141 mole) and 

sodium dicyanamide (13.8 g, 0.155 mole) yielded 23.65 g (0.135 mole, 96 % yield) 1-allyl-

3-methylimidazolium dicyanamide, a viscous liquid of light yellow color. 1H-NMR (200 

MHz, acetone-d6): 9.1 (s, 1H), 7.73 (m, 2H), 6.25-6.02 (m, 1H), 5.5-5.36 (m, 2H), 5.03-

4.95 (m, 2H), 4.05 (s, 3H). 

 

1-benzyl-3-methylimidazolium dicyanamide 

The reaction between 1-benzyl-3-methylimidazolium chloride (22.0 g, 0.105 mole) and 

sodium dicyanamide (10.73 g, 0.121 mole) yielded 23.7 g (0.099 mole, 94 % yield) 1-

benzyl-3-methylimidazolium dicyanamide, a viscous yellow liquid. 1H-NMR (200 MHz, 

acetone-d6): 9.21 (s, 1H), 7.77 (m, 2H), 7.47 (m, 5H), 5.59 (s, 2H), 4.06 (s, 3H). 

 

3.3.3. Experimental Procedure of Phase Equilibria 

 

Liquid–Liquid Equilibrium Experiments 

The LLE experiments were performed by mixing 20 mL of the feed mixture with 10 mL IL 

in 70 mL jacketed glass vessels. The vessels were equipped with a double impeller on a 

single axis, powered by an electronic stirrer (IKA Eurostar powercontrol-visc P1). The 

impellers were placed at the interface between the solvent and the feed to provide a good 

mixing. The double walled vessels were thermostatted using a thermostatic bath (Julabo 

F25). The extraction experiments were performed at 313.2 and 348.2 K ± 0.1 K. The 

ethylbenzene/styrene mass ratio in the feed was 40/60, which is representative for the feed 

to the current distillation column. Since the behavior between ethylbenzene and styrene is 

nearly ideal [9], it is expected that other ethylbenzene/styrene ratio’s will give similar 

results. 4-tert-butylcatechol (0.005 wt%) was added as a polymerization inhibitor. The time 

to equilibration was typically 5 min at 1300 rpm. In order to ensure equilibrium, 

experiments were run for 20 minutes, after which the two phases were allowed to settle for 

two hours. Samples for analysis (0.2 mL) were taken from both extract and raffinate phase 

using a 2 mL syringe. Since water has an influence on the extraction performance, the water 

content in the ILs was measured before and after the experiments with Karl Fischer titration 

and was in all cases determined to be lower than 0.2 wt%. 
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Table 3-1: Overview of ionic liquids and key intermediates used in this study. 

Nr. Name Abbreviation Supplier 
Purity 

[%] 

1 2-methyl-N-butylpyridinium tetrafluoroborate [2-mebupy][BF4] Io-li-tec ≥ 99 

2 3-methyl-N-butylpyridinium dicyanamide [3-mebupy][N(CN)2] Merck ≥ 98 

3 3-methyl-N-butylpyridinium tricyanomethanide [3-mebupy][C(CN)3] Syncom - 

4 3-methyl-N-butylpyridinium bis(trifluoromethylsulfonyl)imide [3-mebupy][Tf2N] Io-li-tec ≥ 99 

5 3-methyl-N-butylpyridinium tetracyanoborate [3-mebupy][B(CN)4] Syncom - 

6 4-methyl-N-butylpyridinium tetrafluoroborate [4-mebupy][BF4] Merck ≥ 98 

7 4-methyl-N-butylpyridinium dicyanamide [4-mebupy][N(CN)2] Merck ≥ 98 

 3-cyano-N-butylpyridinium chloride [3-cybupy]Cl Syncom - 

8 3-cyano-N-butylpyridinium dicyanamide [3-cybupy][N(CN)2] Synthesized - 

9 1-ethyl-3-methylimidazolium dicyanamide [EMIM][N(CN)2] Merck ≥ 98 

10 1-ethyl-3-methylimidazolium tetrafluoroborate [EMIM][BF4] Io-li-tec ≥ 98 

11 1-ethyl-3-methylimidazolium thiocyanate [EMIM][SCN] Io-li-tec ≥ 99 

12 1-ethyl-3-methylimidazolium tosylate [EMIM][TOS] Aldrich ≥ 98 

13 1-ethyl-3-methylimidazolium mesylate [EMIM][Mesy] Io-li-tec ≥ 99 

14 1-ethyl-3-methylimidazolium ethylsulfate [EMIM][EtSO4] Io-li-tec ≥ 99 

15 1-ethyl-3-methylimidazolium diethylphosphate [EMIM][DEP] Io-li-tec ≥ 99 

16 1-ethyl-3-methylimidazolium trifluoroacetate [EMIM][TA] Merck ≥ 98 

17 1-ethyl-3-methylimidazolium tetracyanoborate [EMIM][B(CN)4] Merck ≥ 98 

18 1-ethyl-3-methylimidazolium methylsulfate [EMIM][MeSO4] Io-li-tec ≥ 99 

19 1-ethyl-3-methylimidazolium acetate [EMIM][Oac] Io-li-tec ≥ 95 

20 1-ethyl-3-methylimidazolium methyltrifluoroborate [EMIM][MeBF3] Synthesized - 

21 1-propyl-3-methylimidazolium tetrafluoroborate [PMIM][BF4] Io-li-tec ≥ 99 

22 1-butyl-3-methylimidazolium thiocyanate [BMIM][SCN] BASF ≥ 95 

23 1-butyl-3-methylimidazolium dicyanamide [BMIM][N(CN)2] Io-li-tec ≥ 98 

24 1-butyl-3-methylimidazolium tetrafluoroborate [BMIM][BF4] Io-li-tec ≥ 99 

25 1-butyl-3-methylimidazolium tricyanomethanide [BMIM][C(CN)3] Merck ≥ 98 

26 1-hexyl-3-methylimidazolium tetrafluoroborate [HMIM][BF4] Io-li-tec ≥ 99 

27 1-butyl-2,3-dimethylimidazolium tetrafluoroborate [BMMIM][BF4] Merck ≥ 98 

28 1-(2-hydroxyethyl)-3-methylimidazolium tetrafluoroborate [HEMIM][BF4] Io-li-tec ≥ 98 

 1-allyl-3-methylimidazolium chloride [AMIM]Cl Io-li-tec ≥ 98 

29 1-allyl-3-methylimidazolium dicyanamide [AMIM][N(CN)2] Synthesized - 

 1-benzyl-3-methylimidazolium chloride [PhCH2MIM]Cl Aldrich ≥ 97 

30 1-benzyl-3-methylimidazolium dicyanamide [PhCH2MIM][N(CN)2] Synthesized - 

31 1-butyl-1-methylpyrrolidinium dicyanamide [P14][N(CN)2] Io-li-tec ≥ 98 

32 tributylmethylammonium bis(trifluoromethylsulfonyl)imide [N4441][Tf2N] Io-li-tec ≥ 99 

33 butyltrimethylammonium bis(trifluoromethylsulfonyl)imide [N4111][Tf2N] Io-li-tec ≥ 99 

34 methyltrioctylammonium trifluoroacetate [N8881][TA] Merck ≥ 98 

35 tributylmethylphosphonium methylsulfate [P4441][MeSO4] Io-li-tec ≥ 95 

36 triethylsulfonium bis(trifluoromethylsulfonyl)imide [S222][Tf2N] Io-li-tec ≥ 99 

37 trihexyltetradecylphosphonium dicyanamide [P14,666][N(CN)2] Io-li-tec ≥ 95 
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Vapor–Liquid Equilibrium Experiments 

The VLE measurements were all measured with an all glass ebulliometer (Fischer VLE 

602/D), in which the equilibrium vessel is a dynamic recirculating still, equipped with a 

Cottrell circulation pump. The heating capacity and pressure were controlled using a 

control unit (Fischer VLE 2+). The vapor condensation rate was kept constant at one drop 

per second. The condensor was operating at 288.2 K. The pressure was maintained constant 

at 5 kPa ± 0.01 kPa by using a vacuum pump and pressure control system. These vacuum 

conditions were used to keep the temperatures low to prevent styrene polymerization. The 

equilibrium temperature was measured with an accuracy of ± 0.1 K. Equilibrium was 

reached after approximately 30–45 minutes, when the vapor temperature and the distillation 

rate were both constant. The ethylbenzene/styrene mass ratio was 40/60. Mass based 

solvent to feed ratios of 1.2, 5.5 and 12 were used for the ionic liquids [3-

mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN], respectively, in the VLE 

experiments. 4-tert-butylcatechol (0.005 wt%) was added as a polymerization inhibitor. In 

order to determine the equilibrium compositions, samples of 20 µL were taken from both 

the liquid and condensed vapor phase using a 100 µL syringe. 

 

3.3.4 Analysis  

The samples taken from the LLE experiments for analysis were diluted with 1.2 mL of 

acetone and 0.1 mL of cyclohexane was added as internal standard. The samples from the 

VLE-experiments were diluted with 120 µL of acetone and 10 µL of cyclohexane was 

added as internal standard. The samples were then analyzed using a gas chromatograph 

(Varian CP-3800) equipped with a flame ionization detector and a Varian CP-SIL 5CB 

column (25 m · 1.2 µm). The split ratio was 50 and the injection volume 0.5 µL. The 

amount of IL could not be analyzed with gas chromatography due to their negligible vapor 

pressure, but was calculated by means of a mass balance. The IL was collected in a pre-

column (cup liner) to avoid contamination of the analytical column. The pre-column was 

replaced after 80–100 injections. The concentration of the components could be determined 

with an average deviation in mole fraction of 0.002. 

 

3.4. Results and Discussion 

All experimental results from the LLE and VLE experiments are depicted in Appendix B. 

The LLE results for the ILs [N8881][TA] and [P14,666][N(CN)2] are not reported, because a 

homogeneous liquid phase appeared after stirring these two ILs with the 

ethylbenzene/styrene feed mixture. Consequently, no capacity and selectivity could be 

determined with LLE experiments. VLE experiments could be done to determine the 

selectivity, but based on the results with other ILs containing quaternary ammonium and 

phosphonium cations, the selectivity is expected to be low, and therefore these laborious 

experiments were not done for these ILs. Both ILs are highly nonpolar due to the large 

alkyl chains in their cations and therefore completely miscible with both aromatics. 
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3.4.1 Comparison of Experimental LLE and VLE Selectivities 

For three ILs, [EMIM][SCN], [4-mebupy][BF4], and [3-mebupy][B(CN)4], VLE as well as 

LLE experiments were performed to validate that LLE experiments are a reliable and 

simple method to obtain estimates of the VLE selectivity. The LLE experiments were 

performed at two temperatures to determine the effect of the temperature on the capacity 

and selectivity. Knowing the effect of temperature on the capacity and selectivity is 

essential to make predictions on the performance of an IL in an extractive distillation on the 

basis of LLE experiments. A parity plot of the LLE selectivity at 348.2 K versus the VLE 

selectivity is depicted in Figure 3-1. The result for the IL [EMIM][SCN] is not shown in 

this figure, because the vapor temperature could not be kept constant, and it was not 

possible to keep a homogeneous liquid phase. Therefore, no VLE could be obtained in the 

ebulliometer. From the results in Figure 3-1, it is seen that there is a good correlation 

between the observed selectivity in the LLE and VLE experiments and therefore the 

conclusion can be drawn that the screening procedure using LLE is valid. For example the 

selectivities of [4-mebupy][BF4] determined by LLE and VLE experiments are 1.77 and 

1.86, respectively. The small difference in the LLE and VLE selectivity originates from the 

larger IL/aromatics mole ratio (i.e. solvent/feed ratio) [4,8,53] and the lower temperature in 

the VLE experiments. 
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Figure 3-1: Parity plot of the vapor-liquid equilibrium selectivity versus the liquid-liquid equilibrium selectivity. 

■, [3-mebupy][B(CN)4]; ▲, [4-mebupy][BF4]. 

 

3.4.2 The Effect of Temperature on the Capacity and Selectivity in LLE Experiments 

The effect of temperature on the ethylbenzene and styrene capacity is illustrated in Figure 

3-2. The LLE experiments show a behavior of decreasing selectivity with decreasing 

temperature. Also visible in Figure 3-2 is that the capacity slightly decreases with 

increasing temperature. Actually, the decrease in selectivity is a direct result of the decrease 

in capacity. Because the styrene capacity decreases a bit more with temperature than the 

ethylbenzene capacity, the selectivity is slightly decreasing with increasing temperature. 
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This observation can be explained by the increased molecular movements caused by 

increasing temperature, which breaks down the ordered sandwich structure within the IL 

[37]. Consequently, the solubility due to the specific aromatic-IL interaction is reduced, 

while at the same time the thermal expansion enables more aromatics to arrange themselves 

between the ions [17]. For ethylbenzene these effects cancel each other almost out and 

therefore the solubility of ethylbenzene is less dependent on temperature compared to 

styrene. Since styrene is the molecule with the least steric hindrance (i.e. styrene is a flat 

molecule) and the strongest delocalization in the π-system, the affinity between styrene and 

the IL is, compared to ethylbenzene, more dependent on their interaction and therefore 

more temperature dependent. 
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Figure 3-2: Influence of temperature on the capacity of ethylbenzene and styrene for a model feed, consisting of 

60 wt% styrene and 40 wt% ethylbenzene. a) styrene b) ethylbenzene. Black bars, 313.2 K; grey bars, 348.2 K. 

 

Next to the temperature effect, it is shown that all ILs depicted in Figure 3-2 have a higher 

capacity for styrene than for ethylbenzene. Generally, unsaturated components have a larger 

solubility in ILs compared to saturated components [20]. The larger solubility of styrene in 

all ILs can be explained similar to the explanation for the temperature dependence, by both 

the stronger delocalized π-system and less steric hindrance of styrene. Since the interaction 

between aromatics and ILs is dominated by the interaction between the IL cation methyl 

groups and the π-system of the aromatics and the IL cation π-system with the π-system of 

the aromatics [26,37,54], the interaction is larger with styrene. A same trend for solubility 

is found in the literature [17,37]. 

The temperature dependency could be explained by interactions between the cation and 

aromatics, but next to the choice of the cation, also the choice of the anion is of importance 

for the capacity and selectivity. To gain better insight in the respective roles of the cation 
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and anion in the distribution and selectivity, the effect of the anion was studied while 

keeping the cation constant, and then for some anions, the effect of varying the cation was 

studied. 

 

3.4.3 Effect of Anion Structure 

Imidazolium ILs have been applied in many separations [55], and because of good results 

for aromatic/aliphatic separations [14,15] in this study several ILs from this class were 

studied. In Figure 3-3, the experimentally determined selectivity of styrene over 

ethylbenzene SSM/EB is plotted against the styrene capacity Dstyrene for a series of LLE 

experiments with [EMIM]+ ILs. Plotting the selectivity against the capacity is a common 

procedure to plot the results for a solvent screening for extraction or extractive distillation 

processes [14], because these parameters are the key parameters determining the 

performance of such processes. Normally, the capacity is calculated from the mole fractions 

in both phases. However, because the common unit to indicate the flows in industrial 

process streams is in kilograms, rather than in moles, and the molar weight of ILs varies 

significantly with tailoring the structure of the ions [40], the capacities plotted here were 

calculated using mass fractions.  

 

0.0 0.2 0.4 0.6

1.0

1.5

2.0

2.5

[EMIM][B(CN)
4
]

[EMIM][DEP]

[EMIM][TA][EMIM][TOS]

[EMIM][MeBF
3
] [EMIM][OAc]

[EMIM][N(CN)
2
]

[EMIM][EtSO
4
]

[EMIM][SCN]

[EMIM][BF
4
]

[EMIM][Mesy]

[EMIM][MeSO
4
]

 

S
L

L
E

S
M

/E
B

D
styrene  

 
Figure 3-3: Effect of anion structure on the capacity and selectivity in LLE experiments at 348.2 K with the 

[EMIM]+ cation for a model feed, consisting of 60 wt% styrene and 40 wt% ethylbenzene. 

 

From Figure 3-3 the conclusion can be drawn that there is a clear trade off between the 

selectivity and capacity. ILs with high capacity usually have a low selectivity, whereas ILs 

with high selectivity exhibit a low capacity. The anion structure has a strong effect on these 

two parameters. In general the conclusion can be drawn that anions with large electron 

delocalization, like [N(CN)2]
-, and [B(CN)4]

-, have a high capacity towards aromatics 

(Dstyrene of typically > 0.3) and a relative low selectivity (typically < 2) compared to ILs 

with anions without delocalized electrons, like [BF4]
- and [MeSO4]

- (typically Dstyrene < 0.2 

and S > 2). This behavior is also often observed in aromatic/aliphatic separations [40]. 

Anions with localized electrons have a higher dipole moment than anions with delocalized 
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electrons [54]. Charge localization facilitates stronger Coulombic interactions between the 

ions, and thereby creating more cation-anion affinity [54]. Nonpolar molecules, like 

ethylbenzene and styrene, also tend to reside in the nonpolar domains of an IL [54]. Since 

ILs which contain anions with many localized electrons have more polar regions, there are 

less domains for the aromatics available. Because of these two reasons, the capacity 

decreases and selectivity increases. 

The capacity and selectivity are also dependent on the alkyl chain length of the anion. The 

capacity increases and selectivity decreases when the alkyl chain length of the anion 

increases. This conclusion can be drawn by comparing the ILs with the anions [MeSO4]
- 

and [EtSO4]
-. This trend for anion alkyl chain length was also observed by Garcia et al. 

[56]. 

 

3.4.4 Effect of Cation Structure 

In this section the effect of cation structure on the capacity and selectivity is discussed. The 

anions [BF4]
-, [Tf2N]-, and [N(CN)2]

- were selected as counter ions, because many different 

ILs are commercially available with these types of anions. Some additional ILs with 

[N(CN)2]
- anion were custom synthesized (see section 3.3.2). The results are displayed in 

Figure 3-4. This figure illustrates that pyridinium based ILs have a higher capacity and only 

a slightly lower selectivity for styrene compared to imidazolium ILs. This conclusion was 

drawn by comparing the results for [4-mebupy][BF4] (Dstyrene = 0.414, S = 1.77) and 

[BMIM][BF4] (Dstyrene = 0.243, S =1.82), and may be explained by the pyridinium cation 

having a slightly larger π-system and, therefore, has a stronger π-π interaction with 

aromatics [57]. This trend is also known for aromatics/aliphatics separations [46]. 

The attachment of an extra methyl group to an imidazolium cation does not have a positive 

influence on the extraction performance, which can be derived from the results for 

[BMMIM][BF4] (Dstyrene = 0.239, S = 1.92) and [BMIM][BF4]. An extra methyl group 

attached to an imidazolium cation should enhance the interaction of the cation methyl 

groups with the π-system of the aromatics [37]. However, the extra methyl group makes the 

[BMMIM]+-cation more ionic because the positive charge is more localized than in a 

[BMIM]+-cation [58]. Charge localization facilitates stronger Coulombic interactions, and 

thereby more cation-anion interaction. This explains the lower distribution coefficient for 

aromatics if an extra methyl group is added to an imidazolium cation. Moreover, an extra 

methyl group also causes more steric hindrance for aromatics [59]. 

The attachment of a benzyl-group to an imidazolium cation also does not positively 

influence the aromatic capacity. In general a more extended π-electron ring system should 

have stronger π-π interaction with aromatics [57]. However, in the case of ILs, most 

probably only one aromatic moiety will take part in the π-π interaction [57]. Moreover, the 

benzyl group can cause, just like an extra methyl group, steric hindrance. 
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Figure 3-4: Effect of cation structure on the capacity and selectivity in LLE experiments at 348.2K for a model 

feed, consisting of 60wt% styrene and 40wt% ethylbenzene. a) anion [BF4]
- b) anion [N(CN)2]

- c) anion [Tf2N]- 

 

A polar group in the side chain of a cation negatively affects the capacity of ILs towards 

aromatics. This conclusion can be drawn by comparing [HEMIM]+ with [EMIM]+ (Figure 

3-4b)  and [3-cybupy]+ with [3-mebupy]+ (Figure 3-4c). It was expected that the nitrile 

group in [3-cybupy]+ should enhance the distribution coefficient, because an electron-

withdrawing group in the side chain enhances the π-acceptor capability of an aromatic IL 

cation [50] and thereby enhancing the affinity towards aromatics. However, the polar 

groups in the side chain of the cations cause an increase in cation-anion affinity and 

therefore the capacity for aromatics is lower. This can also most probably explain the lower 

capacity for the [AMIM]+-cation compared to the [EMIM]+-cation. The allyl-group in the 

side chain of the imidazolium cation should increase the π-π interaction, however the 

capacity of the [AMIM]+-cation (Dstyrene =  0.24) is lower than for the [EMIM]+-cation 

(Dstyrene =  0.30). 

The pyrrolidinium cation has a much higher capacity, but much lower selectivity compared 

to the pyridinium and imidazolium cations as can be seen in Figure 3-4b. The large capacity 
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of the pyrrolidinium cation originates from the low cation-anion affinity with the [N(CN)2]
- 

anion. The lower selectivity of the pyrrolidinium cation can be explained by the fact that 

pyrrolidinium cations are more aliphatic in nature compared to pyridinium and imidazolium 

ILs and therefore don’t have the specific π-π interaction [46]. Since the selectivity is much 

lower compared to the benchmark solvent sulfolane, pyrrolidinium cations are not 

interesting to use for ethylbenzene/styrene separation. The same holds for ILs with non-

cyclic cations like sulfonium, phosphonium and ammonium, which is illustrated in Figure 

3-4c. Overall the conclusion can be drawn that ILs with aromatic cations have a larger 

selectivity than ILs with aliphatic cations. 

Because ILs with anions like [BF4]
- have a high selectivity and low capacity, the alkyl 

chain length of the imidazolium cation was increased in small steps from ethyl to hexyl to 

increase the capacity. The results of this increase in alkyl chain length of the imidazolium 

cation with a [BF4]
- anion is shown in Figure 3-5.  
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Figure 3-5: Effect of cation alkyl length on the capacity and selectivity in LLE experiments at 348.2 K with an 

imidazolium cation with [BF4]
- anion for a model feed consisting of 60 wt% styrene and 40 wt% ethylbenzene. 

■,●,▲,▼, experimental data. 

 

From this figure, the conclusion can be drawn that the capacity increases from 0.13 to 0.38 

and the selectivity decreases from 2.15 to 1.46 with increasing alkyl chain length. This is 

common behavior for the solubility of aromatics in ILs [14,16,40]. If the side chains of a 

cation or anion are small, the IL will have a fluid structure quite similar to that of common 

inorganic molten salt, and thus have a rather high cation-anion affinity. The IL mixture will 

in that case contain mostly polar regions, just as for anions with localized electrons [54]. 

Although aromatics contain a π-bonding surface, these molecules are still quite non polar 

(low dipole moment) in comparison with hydrocarbons which contain functional groups, 

like alcohols or ketones [60]. So if the interaction between cation and anion of an IL is very 

strong, it is difficult to get a high capacity for aromatics. However, the polarity of the IL 

will decrease if the alkyl chain length of the cation increases and more nonpolar domains 
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will be formed and cation-anion affinity will decrease [54]. Therefore, the aromatic 

capacity will increase with increasing alkyl chain length of the cation. 

 

3.4.5 Overview of all Measured ILs 

In Figure 3-6 the results from the LLE experiments for the majority of the ILs that form 

liquid-liquid biphasic systems with the ethylbenzene/styrene feed are illustrated. The 

selectivity of sulfolane for the model ethylbenzene/styrene mixture containing 60 wt% 

styrene is indicated with a line. Since sulfolane mixes over the full composition range with 

aromatics, no capacity for sulfolane is available.  
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Figure 3-6: Comparison of capacity (mass base) and selectivity of several ionic liquids in LLE experiments at 

348.2 K for a model feed consisting of 60 wt% styrene and 40 wt% ethylbenzene. Symbols: experimental results 

ionic liquids; dashed line: selectivity sulfolane [9]. 

 

 

Figure 3-6 shows that overall there is a clear trade off between the capacity and the 

selectivity. ILs with a high capacity usually have a low selectivity, whereas ILs with low 

capacity exhibit high selectivity. This is a general trend in solvent screening studies for 

extraction and extractive distillation processes [61]. The IL cation and anion structure have 

both a strong influence on the performance of the IL. The largest selectivities (of 2.4–2.6) 
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were measured for ILs with aromatic cations due to the specific aromatic π-π interactions, 

especially the ones with short alkyl chain length like [EMIM]+, and anions with localized 

electrons, like [MeSO4]
- and [Mesy]-. The largest capacities were obtained for ILs 

containing anions with delocalized electrons, like [B(CN)4]
- and [N(CN)2]

- and large alkyl 

chain length in the cation as well as the anion. From the overall results also the conclusion 

can be drawn that not only the aromatic-IL interaction is very important, but also the IL 

cation-anion affinity has a large impact on the performance. Figure 3-6 also demonstrates 

that several ILs outperform sulfolane with selectivities up to 2.6. Therefore, ILs are 

promising solvents, which can perform better than sulfolane in an extractive distillation 

process to separate ethylbenzene from styrene. This is also depicted in Figure 3-7, in which 

the reflux ratio of the extractive distillation column is shown as function of the solvent 

selectivity. The minimum reflux ratio was calculated with the Underwood expression [62]: 
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in which α is the relative volatility and xd and xf are the ethylbenzene mole fractions in the 

distillate and the feed, respectively. Typical values for xf and xd in a common 

ethylbenzene/styrene distillation are 0.4 and 0.98, correspondingly [3]. The relative 

volatility was calculated using Equation 3-5, in which the selectivities from the LLE 

experiments at 348.2 K were used. The pure component vapor pressures of ethylbenzene 

and styrene were calculated for the same temperature. The selectivity values of 348.2 K 

were used. The reflux ratio was calculated by multiplying the minimum reflux ratio by 1.3. 

Figure 3-7 illustrates that sulfolane can decrease the reflux ratio from 7.4 to 2.4. 
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Figure 3-7: Effect of solvent selectivity on the required reflux ratio (R) of the extractive distillation column for a 

model feed consisting of 60 wt% styrene and 40 wt% ethylbenzene. Dashed line: Underwood Equation and  

R = 1.3 · Rmin; Symbols: results for sulfolane and ionic liquids. 
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Several ILs with a larger selectivity than sulfolane, like [EMIM][SCN] and 

[EMIM][CH3SO4], can decrease the reflux ratio even more to values of 1.1–1.5. This can 

result in a lower energy requirement for the IL extractive distillation process compared to 

the sulfolane process. However, the selectivity and thereby the reflux ratio only give a first 

indication about possible energy requirements. The solvent capacity also influences the 

performance of the extractive distillation process as discussed in the introduction. 

Therefore, a detailed process evaluation should confirm whether ILs are indeed more 

promising than a conventional organic solvent like sulfolane. 

 

3.5. Conclusions 

An IL screening study by LLE experiments has been performed to investigate whether ILs 

are promising solvents in an extractive distillation to separate ethylbenzene from styrene. It 

was demonstrated that LLE experiments are a reliable and simple method to obtain 

estimates for the VLE selectivity. The temperature only slightly influences the 

performance, with a small decrease in selectivity with increasing temperature. The results 

of all ILs were compared to the benchmark solvent sulfolane, which has a selectivity of 1.6. 

For the IL selectivities, it was observed that there is a trade off between the capacity and 

selectivity. ILs with high capacity usually have a low selectivity, whereas ILs with high 

selectivity exhibit low capacity. Several ILs outperform sulfolane with selectivities up to 

2.6. Therefore ILs can be promising solvents in an extractive distillation unit to separate 

ethylbenzene from styrene. A detailed process evaluation should confirm whether ILs are 

indeed more promising. 

 

3.6. Nomenclature 

 

D  solvent capacity 

P
o  pure component vapor pressure  Pa 

R  reflux ratio 

S  selectivity 

x  mole fraction in the liquid phase  

y  mole fraction in the vapor phase 

 

Greek symbols 

α  relative volatility       

γ  activity coefficient   

 

Super- and subscripts 

d  distillate 

f  feed 

min  minimum 
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org  organic phase 

 

Abbreviations 

EB  ethylbenzene 

GC  gas chromatography 

IL  ionic liquid 

LLE  liquid–liquid equilibrium 

NMR  nuclear magnetic resonance 

rpm  rotations per minute 

SM  styrene monomer 

VLE  vapor–liquid equilibrium 
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Abstract 
Extractive distillation with ionic liquids (ILs) is a promising technology to separate the 

close-boiling mixture ethylbenzene/styrene. Three promising ILs were identified from the 

IL screening study; [3-mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN]. The aim 

of this study was to determine the non-ideal behavior of styrene and ethylbenzene in these 

ILs. In this work, binary liquid–liquid equilibrium (LLE) data at 313.2, 333.2, and 353.2 K, 

binary vapor–liquid equilibrium (VLE) data in the pressure range 3–30 kPa, and ternary 

VLE data at 5, 10, and 15 kPa have been determined for the systems (ethylbenzene + 

styrene + [3-mebupy][B(CN)4]/[4-mebupy][BF4]). Binary VLE data in the pressure range 

3–20 kPa for the system (styrene + [EMIM][SCN]), and binary and ternary LLE data at 

313.2, 333.2, and 353.2 K have been measured for the system (ethylbenzene + styrene + 

[EMIM][SCN]). The NRTL model can properly describe the binary and ternary phase 

equilibrium data. It was not possible to get a proper description of the ternary equilibrium 

data with the NRTL parameters determined solely from the binary systems.  
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4.1. Introduction 

Extractive distillation is a promising technology to separate the close-boiling mixture 

(ethylbenzene + styrene) by adding a solvent and thereby enhancing the relative volatility 

[1]. The commonly applied organic solvent sulfolane [2] can enhance the relative volatility 

of the mixture (ethylbenzene + styrene) from 1.3–1.4 up to 2.3 [3]. The drawback of using a 

solvent like sulfolane, is that a second distillation column is required to remove all solvent 

from the product. Recently, ionic liquids (ILs) have been reported as promising solvents in 

extractive distillation processes [4,5]. The current interest in ILs is mainly driven by their 

proven or potential applications as “green solvents” due to their negligible vapor pressure 

[6,7]. The negligible vapor pressure probably allows recovery through a simple flash. ILs 

have also many other attractive properties, like high chemical and thermal stability, and 

they exhibit a broad liquid range [8,9]. Moreover, ILs are called designer solvents, because 

of the large variety of cations and anions available [10]. The IL screening study showed 

that several ILs have a larger effect on the relative volatility of the ethylbenzene/styrene 

mixture than the benchmark solvent sulfolane. However, the disadvantage is that many ILs 

do not mix completely over the full composition range [11] due to the low solubility of ILs 

in aromatics [12]. Therefore, the solvent capacity plays also an important role in the 

performance of an extractive distillation process [13]. The solvent screening study showed 

that there is a clear trade-off between the solvent capacity and selectivity. A conceptual 

design study should determine which ILs will be more efficient to use in an extractive 

distillation process: ILs with high selectivity and low solvent capacity or ILs with low 

selectivity and high capacity. The ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and 

[EMIM][SCN] were selected as promising candidates to outperform sulfolane. The IL [3-

mebupy][B(CN)4] is an example of an IL with a high capacity and a low selectivity, which 

is slightly lower than sulfolane [11]. The IL [EMIM][SCN] has a high selectivity [11], but 

has a rather low solvent capacity. [4-mebupy][BF4] has an average solvent capacity and 

selectivity. The molecular structures, molecular weights (MW), solvent capacities on mass 

base (D), and the selectivities (S) of the ILs are listed in Table 4-1.  

Vapor–liquid equilibrium data (VLE) are required to model the extractive distillation 

process. This data is not available in the open literature for the systems studied in this work. 

Hence, the objective of this study is to determine phase equilibrium data for the systems 

(ethylbenzene + styrene + [3-mebupy][B(CN)4]), (ethylbenzene + styrene + [4-

mebupy][BF4]), and (ethylbenzene + styrene + [EMIM][SCN]). For a ternary system 

containing an IL, commonly binary as well as ternary VLE data are determined [14-18]. A 

dynamic VLE apparatus (ebulliometer, Fischer VLE 602/D) was available to measure VLE. 

However, for systems which form easily multiple liquid phases (i.e. low solubility) or 

containing a large fraction of a non-volatile component, it is recommended to use a static 

apparatus instead of a dynamic one [19]. After performing some initial VLE experiments 

with the ebulliometer for all ILs with ethylbenzene and styrene, we observed that we could 

not obtain VLE for the binary system (ethylbenzene + [EMIM][SCN]) and the ternary 
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system (ethylbenzene + styrene + [EMIM][SCN]) due to liquid–liquid phase splitting. 

Therefore, it was decided to perform next to the binary VLE experiments for the system 

(styrene + [EMIM][SCN]), binary and ternary liquid–liquid equilibrium (LLE) experiments 

for the system (ethylbenzene + styrene + [EMIM][SCN]). For the systems with the ILs [3-

mebupy][B(CN)4] and [4-mebupy][BF4], binary LLE, binary VLE, and ternary VLE data 

were determined. All VLE experiments were performed under vacuum conditions, because 

styrene tends to polymerize at elevated temperatures. In this work, the nonrandom two-

liquid (NRTL) activity coefficient model was used to correlate the experimental data.  

 
Table 4-1: Properties of the selected ionic liquids.  

Ionic liquid [3-mebupy][B(CN)4] [4-mebupy][BF4] [EMIM][SCN] 

 
 

 
 

 

structure of the ions 

 

 

 

MW [gr/mole] 265.12 237.05 169.25 

Dstyrene 0.592 0.414 0.229 

Dethylbenzene 0.429 0.234 0.105 

S 1.38 1.774 2.184 

 

4.2. Experimental Section 

 

4.2.1. Materials 

The materials used in the experiments are listed in Table 4-2. All materials were used 

without further purification. The ILs were stored in a desiccator filled with molecular sieves 

under deep vacuum. The water concentrations in the ILs were measured by Karl Fischer 

titration and was for all experiments less than 0.2 wt%. 

 

Table 4-2: Materials description. 

Materials Supplier Mass fraction purity Purification method 

Acetone VWR ≥ 0.995 None 

Cyclohexane Merck ≥ 0.990 None 

Styrene Merck ≥ 0.995 None 

Ethylbenzene Merck ≥ 0.990 none 

4-tert-butylcatechol Fluka ≥ 0.980 none 

[3-mebupy][B(CN)4] Syncom ≥ 0.980 none 

[4-mebupy][BF4] Merck ≥ 0.980 none 

[EMIM][SCN] Io-li-tec ≥ 0.990 none 
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4.2.2. Experimental Apparatus and Procedure 

An overview of the VLE and LLE experiments is shown in Table 4-3. The VLE 

experiments were performed with an all glass ebulliometer (Fischer VLE 602/D). The 

equilibrium vessel in this apparatus is a dynamic recirculating still, provided with a Cottrell 

circulation pump. The pressure and immersion heater were regulated by a control unit 

(Fischer VLE 2+). The vapor condensation rate was retained constant at 60 drops per 

minute. Cooling water was supplied by a cooling bath (Julabo F12) operating at 288.2 K. 

The pressure and temperature were determined with a deviation of 0.01 kPa and 0.1 K, 

respectively. Equilibrium was obtained after approximately 30–45 minutes, when the 

equilibrium temperature and condensation rate both remained constant.  

 

Table 4-3: Overview of the measured LLE and VLE data. 

System VLE LLE 

Ethylbenzene (1) + styrene (2) + [3-mebupy][B(CN)4] (3) 

1 + 3 5–30 kPa T = 313.2, 333.2, 353.2 K 

2 + 3 5–20 kPa T = 313.2, 333.2, 353.2 K 

1+ 2 + 3 5, 10, 15 kPa - 

Ethylbenzene (1) + styrene (2) + [4-mebupy][BF4] (3) 

1 + 3 5–30 kPa T = 313.2, 333.2, 353.2 K 

2 + 3 3–22.5 kPa T = 313.2, 333.2, 353.2 K 

1 + 2 + 3 5, 10, 15 kPa - 

Ethylbenzene (1) + styrene (2) + [EMIM][SCN] (3) 

1 + 3 - T = 313.2, 333.2, 353.2 K 

2 + 3 3 –20 kPa T = 313.2, 333.2, 353.2 K 

1 + 2 + 3 - T = 313.2, 333.2, 353.2 K 

 

4-tert-butylcatechol (0.005 wt%) was added to the mixtures containing styrene to prevent 

styrene polymerization. This amount is sufficient to avoid styrene polymerization. The 

addition of small amounts of 4-tert-butylcatechol is a common procedure by other 

researchers in the determination of VLE data at elevated temperatures for systems 

containing styrene [20,21]. Because the inhibitor is only present at ppm level, it will not 

affect the equilibrium between the vapor and liquid phase. No polymerization was observed 

during the VLE experiments. This was reflected in a constant temperature during the VLE 

experiments at the measured pressures. Moreover, after IL regeneration, which was 

performed in a rotary evaporator (Büchi rotavapor R-200), methanol was added to the 

regenerated IL to precipitate possibly formed styrene polymer. Methanol is a commonly 

used anti-solvent to separate (styrene) polymers from organic solutions [21-23]. In our 

experiments, no polystyrene precipitation was observed with the addition of methanol to the 

regenerated [3-mebupy][B(CN4] used in the VLE experiments, which confirms that no 

styrene polymer was formed. In the binary VLE experiments with the IL [4-mebuby][BF4], 

we indeed observed styrene polymerization. We could not maintain the temperature 

constant above 373.2 K due to the styrene polymerization. We could thus not obtain VLE 
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for this IL above this temperature. Indeed, styrene polymer precipitation was observed with 

the addition of methanol to this IL after a VLE experiment was attempted. 

The amount of ethylbenzene and styrene in the binary VLE experiments were varied from 

low concentrations (approximately 10 mL aromatics per 80 mL of IL) up till their 

maximum solubility in the ILs. It was not possible to measure concentrations above their 

maximum solubility due to liquid–liquid phase splitting. The ternary VLE experiments with 

the IL [3-mebupy][B(CN)4] were performed for the solvent-to-feed (S/F) ratio’s of 1 and 3, 

both on volume base. The ethylbenzene/styrene ratios were varied to both diluted ends. The 

ternary VLE experiments for the IL [4-mebupy][BF4] were carried out at a S/F ratio of 4 on 

volume base. It was not possible to measure VLE of mixtures with lower S/F ratios for this 

IL due to liquid-liquid phase splitting, nor with higher S/F ratios due to the higher 

equilibrium temperature at higher IL content (polymerization > 373.2 K). 

Samples of 20 µL were taken using a 100 µL syringe from the liquid phase. No samples 

from the vapor phase were taken for the binary systems, because the IL has negligible 

vapor pressure. 

The LLE experiments were carried out with the same experimental procedure and apparatus 

as described by Hansmeier et al. [24]. For the binary LLE experiments, 25 and 15 mL of 

organic feed (ethylbenzene/styrene) and IL, respectively, were added to 70 mL double 

walled vessels. 20 mL of organic feed mixture and 10 mL of [EMIM][SCN] were used for 

the binary and  ternary LLE experiments of the system (ethylbenzene + styrene + 

[EMIM][SCN]). The vessels were equipped with two impellors on a stainless steel axis, 

driven by an electronic stirrer (IKA Eurostar powercontrol-visc P1). The impellors were 

placed at the interface between the organic feed and IL to ensure good contact between the 

two phases. The LLE experiments were performed at 313.2, 333.2 and 353.2 K ± 0.1 K. For 

the LLE experiments also 0.005 wt% 4-tert-butylcatechol was added to overcome styrene 

polymerization. Intense mixing at 1300 rpm ensured that the phases were completely 

dispersed, and equilibrium was obtained after 5 minutes [25]. Experiments were run for 20 

minutes to ensure equilibrium. Settling of the organic and IL phases was allowed for 2 hrs. 

Samples of 0.2 mL from the organic and IL phase were taken using a 2 mL syringe. Only 

samples from the IL phase were taken for the binary LLE experiments. 

 

4.2.3. Analysis 

To the samples from the LLE experiments, 1.2 mL of acetone and 0.1 mL of the internal 

standard cyclohexane was added. The samples from the VLE experiments were diluted with 

120 µL of acetone and 10 µL of cyclohexane. The equilibrium concentrations were 

determined by a gas chromatograph (Varian CP-3800) equipped with a flame ionization 

detector (FID) and a Varian CP-SIL 5CB column (50m · 1.2 µm). The split ratio was 50 

and the injection volume 0.5 µL. All samples were injected three times to eliminate 

analytical errors. The amount of IL was estimated by means of a mass balance, because ILs 

have a negligible vapor pressure and can therefore not be detected by gas chromatography. 
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The IL was collected in a pre-column (cup liner) to avoid contamination of the analytical 

column and was changed after 80–100 injections. The mole fractions of the components 

could be determined with a deviation of 0.002. 

 

4.3. Results and Discussion 

The results obtained from the VLE and LLE experiments are discussed in this section. First, 

the results for the IL [3-mebupy][B(CN)4] are discussed, followed by the results for [4-

mebupy][BF4] and [EMIM][SCN]. Finally, the results are presented for the regression of 

the equilibrium data with the NRTL model. 

 

4.3.1. [3-mebupy][B(CN)4] 

 

Binary LLE Data 

The experimental LLE results for the binary systems (ethylbenzene + [3-mebupy][B(CN)4]) 

and (styrene + [3-mebupy][B(CN)4]) at 313.2, 333.2 and 353.2 K are illustrated in Figures 

4-1a and 4-1b, respectively. The experimental data are listed in Appendix C.  
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Figure 4-1: Binary LLE data for ethylbenzene/styrene with [3-mebupy][B(CN)4] at 313.2, 333.2, and 353.2 K. 4-

1a: ethylbenzene (1) + [3-mebupy][B(CN)4] (2) 4-1b: styrene (1) + [3-mebupy][B(CN)4] (2). Experimental values 

(■); Lines refer to NRTL correlations with parameters from only binary LLE and binary VLE data (Table 4-4). 

 

From Figure 4-1 it can be seen that the pure component solubility of styrene in [3-

mebupy][B(CN)4] is larger than ethylbenzene, which was also expected from our solvent 

screening study [11] and in general it is known that unsaturated components are better 

soluble in ILs [24,26,27]. This larger styrene solubility is a result of the stronger 

delocalized π-system of styrene compared to ethylbenzene. Moreover, styrene is a flat 

molecule, and ethylbenzene is not, thus styrene complexation is less sterically hindered. 

Steric hindrance has a strong influence on the solubility of aromatics in ILs [28]. 

Commonly, the solubility of aromatics decreases with increasing amount of substituents on 



Chapter 4 

63 

the aromatic molecules [28]. Next to it, the cation-anion interaction also has a strong effect 

on the local liquid structure [29], and thereby on the aromatic solubility. Another trend 

which can be observed from Figure 4-1 is the decreasing aromatic solubility with increasing 

temperature, which is common for aromatic-IL systems [24]. The increasing temperature 

breaks down the structured IL-aromatic sandwich structure [27]. As a result, the aromatic-

IL interaction reduces with increasing temperature and thereby the solubility of the 

aromatics decreases. 

 

Binary VLE Data 

The VLE results for the binaries (ethylbenzene + [3-mebupy][B(CN)4]) and (styrene + [3-

mebupy][B(CN)4]) are displayed in Figures 4-2 and 4-3, correspondingly. The experimental 

binary VLE data are provided in Appendix C. The regression of the NRTL parameters is 

discussed in detail in section 4.3.4. The modified Raoult’s law was used to calculate the 

activity coefficient, which is defined as 

 
o

iiii PxPy γ=        (4-1) 

 

where the subscript i refers to component i, y and x are the vapor and liquid mole fractions, 

correspondingly, P is the total pressure, γ is the activity coefficient, and P
o is the pure 

component vapor pressure. The Antoine correlation was used to calculate the pure 

component vapor pressure. The Antoine parameters for ethylbenzene and styrene were 

taken from Chapter 2.  
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Figure 4-2a: Vapor pressures for the binary mixture (ethylbenzene (1) + [3-mebupy][B(CN)4] (2)) at different 

ethylbenzene mole fractions (x1). 4-2b: Activity coefficient of ethylbenzene (γ1) in the binary mixture 

(ethylbenzene (1) + [3-mebupy][B(CN)4] (2)) at different ethylbenzene mole fractions (x1) and temperatures. (■) x1 

= 0.184; (□) x1 = 0.293; (●) x1 = 0.396; (○) x1 = 0.500; (�) x1 = 0.584; (�) x1 = 0.619. Lines refer to NRTL 

correlations with parameters from only binary LLE and binary VLE data (Table 4-4). 
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Figure 4-3a: Vapor pressures for the binary mixture (styrene (1) + [3-mebupy][B(CN)4] (2)) at different styrene 

mole fractions (x1). 4-3b: Activity coefficient of styrene (γ1) in the binary mixture (styrene (1) + [3-

mebupy][B(CN)4] (2)) at different styrene mole fractions (x1) and temperatures. (■) x1 = 0.263; (□) x1 = 0.473; (●) 

x1 = 0.574; (○) x1 = 0.694; (�) x1 = 0.816. Lines refer to NRTL correlations with parameters from only binary 

LLE and binary VLE data (Table 4-4). 

 

From Figures 4-2a and 4-3a can be seen that the boiling temperature of the binary mixtures 

is increasing with increasing pressure and decreasing aromatic mole fraction. Because the 

IL [3-mebupy][B(CN)4] has negligible vapor pressure, the boiling point increases when the 

IL mole fraction increases in the mixture. 

From Figures 4-2b and 4-3b can be seen that the styrene activity coefficient in [3-

mebupy][B(CN)4] is much lower than the ethylbenzene activity coefficient, which 

corresponds to the higher styrene solubility compared to ethylbenze in the IL phase. The 

styrene activity coefficient is even lower than unity at low styrene mole fractions. This 

highly non-ideal behavior can be explained by the strong interaction between the cation 

alkyl groups and the π-system of styrene and the IL cation π-system with the π-system of 

styrene [27,30,31]. Thereby a structured IL-aromatic sandwich structure is formed (liquid 

chlathrate) [27]. The second conclusion which can be drawn from both figures is that a 

maximum exists in activity coefficient for both aromatics in [3-mebupy][B(CN)4] as 

function of mole fraction. This trend is also visible in Figure 4-4, in which the activity 

coefficients of ethylbenzene and styrene are plotted as function of their liquid mole fraction 

at 333.2 and 353.2 K. These activity coefficients were calculated with NRTL parameters 

obtained from the regression of the binary LLE and VLE data. The NRTL model and 

regression are explained in more detail in section 4.3.4. The maximum in aromatic activity 

coefficient as function of the aromatic mole fraction originates from the difference in 

interaction between the aromatics and the IL at different compositions. At low aromatic 

mole fractions, a liquid clathrate like structure can be formed and there is a very strong 

interaction of the aromatic component with the ionic liquid as described above [27,32]. 
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However, at higher aromatic mole fractions, it becomes more difficult to form a liquid 

clathrate like structure due to steric hindrance and thereby the aromatic-IL interaction 

decreases. As a result, the aromatic activity coefficient starts to decrease at higher aromatic 

concentrations. Ethylbenzene has its maximum in activity coefficient around a mole 

fraction of 0.5. Styrene has its maximum at the point where liquid–liquid phase splitting 

starts. This activity coefficient behavior is typical for aromatic-IL mixtures [33,34]. 
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Figure 4-4: Activity coefficient (γ) of ethylbenzene (EB) and styrene (SM) in [3-mebupy][B(CN)4] as function of 

mole fraction (x). Lines are calculated with the NRTL parameters obtained from binary LLE and VLE data. (—) 

EB, 353.2 K; (– –) EB, 373.2 K; (····) SM, 353.2 K; (– ·–) SM, 373.2 K; (■) γ = 1 at a mole fraction of 1. 

 

Figures 4-2b, 4-3b, and 4-4 also show that the ethylbenzene activity coefficient is less 

dependent on the liquid mole fraction than the styrene activity coefficient. This behavior 

originates from the less intensive interaction of ethylbenzene with [3-mebupy][B(CN)4] 

compared to styrene. Moreover, Figures 4-2b, 4-3b, and 4-4 illustrate that for both 

aromatics the activity coefficient is increasing with increasing temperature. This trend can 

be explained in the same manner as the solubility decrease in the binary LLE experiments, 

which is described above. However, the activity coefficients of ethylbenzene and styrene 

decrease again at temperatures above 370 and 400 K, respectively. The interaction of the 

aromatics with the IL is decreasing with increasing aromatic mole fraction due to steric 

hindrance. Nevertheless, the thermal expansion of the IL at higher temperatures provides 

more space for ethylbenzene and styrene between the ions and therefore the activity 

coefficient is decreasing with increasing temperature at high aromatic mole fractions. The 

thermal expansion effect starts to become more dominant already at lower temperatures for 

ethylbenzene than for styrene, because ethylbenzene has less interaction with [3-

mebupy][B(CN)4] and has more steric hindrance compared to styrene. 
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 Ternary VLE Data 

The results for the ternary VLE data are depicted in Fig. 4-5, in which the relative volatility 

is plotted as function of the solvent free ethylbenzene mole fraction for the S/F ratio’s 1 and 

3 on volume base. The experimental values are presented in Table 5. The relative volatility 

is defined as 

o

jj

o

ii

j

j

i

i

Pγ

Pγ

x

y

x
y

α ==
       (4-2) 

where y and x are the vapor and liquid mole fractions, correspondingly, γ is the activity 

coefficient, P
o is the pure component vapor pressure, and the subscripts correspond to 

components i and j.  
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Figure 4-5: Relative volatility (α) as function of the solvent free ethylbenzene mole fraction in the liquid phase 

(x1’) and different pressures for the ternary system ethylbenzene (1) + styrene (2) + [3-mebupy][B(CN)4] (3). 4-5a. 

S/F ratio = 1 (volume base). 4-5b. S/F ratio = 3 (volume base). Experimental: (■) P = 5 kPa; (□) P = 10 kPa; (●)  

P = 15 kPa. NRTL correlations with parameters determined from only binary LLE data and ternary VLE data 

(Table 4-4): (—–) P = 5 kPa; (– – –) P = 10 kPa; (····) P = 15 kPa. 

 

From Figure 4-5 the conclusion can be drawn that the relative volatility of the 

ethylbenzene/styrene mixture increases up to 2.2 at a S/F ratio of 3 on volume base with the 

addition of [3-mebupy][B(CN)4]. This relative volatility is slightly lower than the 

benchmark solvent sulfolane, which can increase the relative volatility up to a maximum of 

2.3 [35]. However, for low S/F ratio’s (1–2 on volume base), the effect on the relative 

volatility is larger for [3-mebupy][B(CN)4] than for sulfolane. This slightly lower relative 

volatility for [3-mebupy][B(CN)4] was also expected on basis of the results from our 

solvent screening study [11]. It can be seen from Figures 4-5a and 4-5b that the increase in 

S/F ratio from 1 to 3 on volume base only has a small effect on the increase in relative 

volatility. This means that only a small S/F ratio is required in the extractive distillation 
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column to separate ethylbenzene from styrene. The increase in relative volatility with 

increasing S/F ratio is common behavior in ternary systems [36-38]. Figure 4-5 illustrates 

also that the relative volatility increases with decreasing pressure. This behavior can be 

explained by the increase in pure component vapor pressure ratio with decreasing 

temperature. Moreover, the ratio of activity coefficients increases also slightly with 

decreasing pressure. This is caused by the fact that the styrene activity coefficient decreases 

stronger with decreasing pressure than the ethylbenzene activity coefficient. The 

ethylbenzene/styrene ratio has hardly an effect on the relative volatility, because the 

interaction is almost ideal between ethylbenzene and styrene [3].  

 

4.3.2. [4-mebupy][BF4] 

 

Binary LLE Data 

The results for the binary LLE experiments for the systems (ethylbenzene + [4-

mebupy][BF4]) and (styrene + [4-mebupy][BF4]) at 313.2, 333.2, and 353.2 K are depicted 

in Figure 4-6a and 4-6b, correspondingly. The experimental data are provided in Appendix 

C. The pure component solubility of styrene in [4-mebupy][BF4] is a factor of 2.4–2.5 

larger than the ethylbenzene solubility. From Figure 4-6 can also be seen that the styrene as 

well as the ethylbenzene solubility is decreasing with increasing temperature. These two 

trends can be explained in the same manner as for [3-mebupy][B(CN)4] (see section 4.3.1). 
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Figure 4-6: Binary LLE data for ethylbenzene/styrene with [4-mebupy][BF4] at 313.2, 333.2, and 353.2 K. 4-6a: 

ethylbenzene (1) + [4-mebupy][BF4] (2) 4-6b: styrene (1) + [4-mebupy][BF4] (2). Experimental values (■); Lines 

refer to NRTL correlations with parameters from only binary LLE and binary VLE data (Table 4-4). 
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Binary VLE Data 

The results for the binary VLE experiments of the systems (ethylbenzene + [4-

mebupy][BF4]) and (styrene + [4-mebupy][BF4]) are depicted in Figures 4-7 and 4-8, 

respectively. The experimental data are listed in Appendix C.  
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Figure 4-7a: Vapor pressures for the binary mixture ethylbenzene (1) + [4-mebupy][BF4] (2) at different 

ethylbenzene mole fractions (x1). 4-7b: Activity coefficient of ethylbenzene (γ1) in the binary mixture 

ethylbenzene (1) + [4-mebupy][BF4] (2) at different ethylbenzene mole fractions (x1) and temperatures.  

(■) x1 = 0.120; (□) x1 = 0.181; (●) x1 = 0.224. Lines refer to NRTL correlations with parameters from only binary 

LLE and binary VLE data (Table 4-4). 
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Figure 4-8a: Vapor pressures for the binary mixture styrene (1) + [4-mebupy][BF4] (2) at different styrene mole 

fractions (x1). 4-8b: Activity coefficient of styrene (γ1) in the binary mixture styrene (1) + [4-mebupy][BF4] (2) at 

different styrene mole fractions (x1) and temperatures. (■) x1 = 0.122; (□) x1 = 0.195; (●) x1 = 0.280; (○) x1 = 

0.355; (�) x1 = 0.516; (�) x1 = 0.635. Lines refer to NRTL correlations with parameters from only binary LLE 

and binary VLE data (Table 4-4). 
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The equilibrium temperatures in the experiments for the binary mixtures increase with 

increasing IL mole fraction and increasing pressure, which can be seen in Figures 4-7a and 

4-8a. The boiling points of the binary mixtures increase with increasing IL concentration, 

because [4-mebupy][BF4] has a negligible vapor pressure. The increase in temperature with 

increasing pressure can be explained by the Antoine equation. This trend corresponds to the 

results obtained for the IL [3-mebupy][B(CN)4]. 

Figures 4-7b and 4-8b show that the ethylbenzene activity coefficient in [4-mebupy][BF4] 

is larger than the styrene activity coefficient. This trend matches with the results from the 

binary LLE experiments. From Figure 4-7b can be seen that the ethylbenzene activity 

coefficient decreases with decreasing ethylbenzene mole fraction in the measured 

ethylbenzene concentration range (0.12 < x < 0.224). The activity coefficient of styrene also 

decreases with decreasing styrene concentration in the low styrene mole fraction range (x < 

0.28). The activity coefficients of ethylbenzene and styrene are plotted as function of their 

liquid mole fraction at 333.2 and 353.2 K in Figure 4-9. The activity coefficients in Figure 

4-9 were determined from the NRTL parameters obtained from the fitting of the binary 

LLE and VLE data. The NRTL model and the parameter fitting are explained in more detail 

in section 4.3.4. 
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Figure 4-9: Activity coefficient (γ) of ethylbenzene (EB) and styrene (SM) in [4-mebupy][BF4] as function of 

mole fraction (x) at 333.2 and 353.2 K. Lines are calculated with the NRTL parameters obtained from binary LLE 

and VLE data. (—) EB, 333.2 K; (– –) EB, 353.2 K; (····) SM, 333.2 K; (– ·–) SM, 353.2 K. 

 

The activity coefficient of styrene exhibits a maximum at a styrene mole fraction of 0.28. 

For ethylbenzene also a maximum exists, because the ethylbenzene activity coefficient is 

one at an ethylbenzene mole fraction of one. However, liquid–liquid phase splitting occurs 

at an ethylbenzene mole fraction around 0.28. The maximum in activity coefficient has not 

been reached yet at this ethylbenzene mole fraction. The maximum in activity coefficient of 

the aromatic components as function of their mole fractions originate from the difference in 



Chapter 4 

70 

molecular interaction between aromatics and ILs at different compositions. At low aromatic 

mole fractions for aromatic-IL systems, a very ordered liquid clathrate structure can be 

formed [27,32]. With increasing aromatic mole fraction, however, the aromatics disturb 

more the regular structure of the IL, and it is energetically less favorable to form a liquid 

clathrate than at low aromatics content. Therefore, the aromatic-IL interaction reduces with 

increasing aromatic mole fraction. We obtained this trend also for the behavior of 

ethylbenzene and styrene in [3-mebupy][B(CN)4] and is typical for aromatic-IL systems 

[33,34].From Figures 4-7b and 4-8b also the conclusion can be drawn that the activity 

coefficients of the aromatic components increase with increasing temperature. This 

behavior was also seen in the binary LLE experiments and can be explained by the same 

mechanism. Nevertheless, for high temperatures (350–360 K), the ethylbenzene activity 

coefficient slightly reduces with increasing temperature. The styrene activity coefficient 

decreases also at high temperatures, however, only for high styrene mole fractions. This 

behavior originates from the fact that at higher temperatures the thermal expansion of the 

IL becomes the more dominant effect, in contrary to the specific aromatic-IL interactions at 

lower temperatures. Due to the thermal expansion of the IL, the aromatics gain more 

freedom to arrange themselves between the ions, and their activity coefficient drops. 

 

Ternary VLE Data 

The results for the ternary VLE data are illustrated in Figure 4-10, in which the relative 

volatility is shown as function of the ethylbenzene solvent free concentration in the liquid 

phase for an S/F ratio of 4 on volume base. The experimental results are presented in 

Appendix C. The relative volatility is defined in Equation 4-2. The regression of the NRTL 

parameters is discussed in section 4.3.4. 
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Figure 4-10: Relative volatility (α) as function of the solvent free ethylbenzene mole fraction in the liquid phase 

(x1�) and different pressures for the ternary system ethylbenzene (1) + styrene (2) + [4-mebupy][BF4] (3) for a 

solvent to feed ratio of 4 on volume base. Experimental: (■) P = 5 kPa; (□) P = 10 kPa; (●) P = 15 kPa. Relative 

volatility calculated with NRTL parameters from only binary LLE and ternary VLE data (Table 4-4): (—–) P = 5 

kPa; (– – –) P = 10 kPa; (····) P = 15 kPa. Relative volatility calculated with NRTL parameters determined solely 

from binary LLE and binary VLE data (Table 4-4):  (·—·) P = 5 kPa; (··–··) P = 10 kPa; (·–·) P = 15 kPa. 



Chapter 4 

71 

From Figure 4-10 it can be seen that the IL [4-mebupy][BF4] can increase the relative 

volatility of the system (ethylbenzene + styrene) up to 2.7–2.8, meaning that [4-

mebupy][BF4] has a stronger effect on the relative volatility than the benchmark solvent 

sulfolane, which can increase the relative volatility up to 2.3 [3]. It may therefore be 

concluded that it can be an interesting option to replace sulfolane by this IL. This result is 

in accordance with the findings in our previously reported solvent screening study [11]. It 

also follows from Figure 4-10 that the relative volatility increases with decreasing pressure. 

This behavior originates from the higher pure component vapor pressure ratio at lower 

temperatures. The ethylbenzene/styrene ratio influences the relative volatility only slightly, 

since the interaction between styrene and ethylbenzene is almost ideal [3].  

 
4.3.3. [EMIM][SCN] 

 

Binary VLE Data 

The results for the binary VLE data of the system (styrene + [EMIM][SCN]) are illustrated 

in Figure 4-11. From Figure 4-11a the conclusion can be drawn that the equilibrium 

temperature increases with increasing pressure, which can be explained by the Antoine 

equation. The equilibrium temperature increases also with decreasing styrene mole fraction. 

This can be explained by the fact that [EMIM][SCN] has a negligible vapor pressure and 

therefore the boiling point increases automatically if the mole fraction of [EMIM][SCN] 

increases (i.e. styrene mole fraction decreases). Here, also the same trend is observed as for 

the other two ILs.  
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Figure 4-11a: Vapor pressures for the binary mixture (styrene (1) + [EMIM][SCN] (2)) at different  styrene mole 

fractions (x1). 4-11b: Activity coefficient of styrene (γ1) in the binary mixture (styrene + [EMIM][SCN]) at 

different styrene mole fractions (x1) and temperatures. Symbols refer to experimental data (see Appendix C) at 

different styrene mole fractions: (■) x1 = 0.087; (□) x1 = 0.176; (●) x1 = 0.243; (○) x1 = 0.322. Lines refer to NRTL 

correlations. 

 



Chapter 4 

72 

As can be seen from Figure 4-11b, the styrene activity coefficient increases with decreasing 

mole fraction and increasing temperature. The relatively low capacity [39] and the positive 

correlation between the temperature and the activity coefficient indicate that liquid clathrate 

formation is the dominating solvation mechanism [27,32]. Because of the higher kinetic 

energy of the molecules at higher temperature, their entrapment in a liquid clathrate 

becomes less favorable at increasing temperature [27]. However, at higher temperature (T > 

380–390 K), the activity coefficient decreases slightly again for low styrene mole fractions 

in [EMIM][SCN]. This can be explained by the thermal expansion of the IL with increasing 

temperature, which enables more aromatics to arrange themselves between the ions [24]. 

This effect becomes more dominant at higher temperatures.  

From Figure 4-11b can also be seen that the styrene activity coefficient increases with 

decreasing mole fraction. This behavior is uncommon for aromatic-IL systems. The 

contrary trend is usually observed, i.e. a decrease in aromatic component activity 

coefficient with a decreasing aromatic mole fraction in an IL [33,34], which we also 

measured for the ILs [3-mebupy][B(CN)4] and [4-mebupy][BF4]. From the increase in 

activity coefficient in combination with the relatively low styrene solubility in 

[EMIM][SCN], it may be concluded that the cation-anion interactions in pure 

[EMIM][SCN] are strong and are more dominant than the cation-π interactions. If an 

aromatic molecule dissolves in an IL, the nature of the cation-anion interaction remains the 

same[40], however, the cation-anion packing becomes less dense if an aromatic molecule 

dissolves in an IL [40], and thereby the cation-anion affinity decreases. The cation-π 

interaction for the system (styrene + [EMIM][SCN]) is hardly dependent on the styrene 

concentration in [EMIM][SCN]. The cation-anion affinity is the dominant interaction and, 

therefore, the styrene activity coefficient is decreasing with increasing styrene 

concentration.  

 

 

Ternary LLE Data 

The experimental LLE data for the system (ethylbenzene + styrene + [EMIM][SCN]) at 

313.2, 333.2, and 353.2 K are given in Appendix C. Furthermore, the solvent capacity and 

selectivity are provided in Appendix C. These two parameters are widely used to determine 

if a solvent is suitable for a liquid–liquid extraction or an extractive distillation process. The 

solvent capacities for ethylbenzene (1) and styrene (2) can be calculated from the ratio of 

the mole fractions of a component in the raffinate (organic phase) and extract phase (ionic 

liquid phase):  

 

IIIIII
xxD,xxD 222111 ==       (4-3) 

 

The symbols I and II represent the raffinate and extract phase, respectively.  
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The selectivity can be calculated from the ratio of solvent capacities of the two 

components:  

  

1221 D/DS =        (4-4) 

 

The results for the solvent capacities and selectivity for the measured temperatures are 

displayed in Figures 4-12 and 4-13.  
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Figure 4-12a: Ethylbenzene capacity (D1) dependent on the ethylbenzene mole fraction in the raffinate phase (x1

I).  

4-12b: Styrene capacity (D2) dependent on the styrene mole fraction in the raffinate phase (x2
I). Symbols refer to 

experimental data (see Appendix C) at different temperatures: (■) T = 313.2 K; (□) T = 333.2 K; (●) T = 353.2 K. 

Lines refer to NRTL correlations: (—–) T = 313.2 K; (– – –) T = 333.2 K; (····) T = 353.2 K. 
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Figure 4-13: Styrene/ethylbenzene selectivity in the ternary system dependent on the styrene mole fraction in the 

raffinate phase (x2
I). Symbols refer to experimental data (see Appendix C) at different temperatures (■) T = 313.2 

K; (□) T = 333.2 K; (●) T = 353.2 K. Lines refer to NRTL correlations: (—–) T = 313.2 K; (– – –) T = 333.2 K; 

(····) T = 353.2 K. 
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The styrene capacity decreases with increasing temperature, which originates from the 

increase in styrene activity coefficient with an increase in temperature. This behavior is 

similar to the binary system (styrene + [EMIM][SCN]). However, the ethylbenzene 

capacity is less dependent on temperature than the styrene capacity. For low ethylbenzene 

concentrations in the raffinate, the ethylbenzene capacity decreases only slightly with an 

increase in temperature, whereas at high ethylbenzene raffinate concentrations, the 

ethylbenzene capacity increases a bit with increasing temperature. This temperature 

dependent behavior shows that for ethylbenzene it is very hard to form a liquid clathrate 

type of structure with [EMIM][SCN], especially at high ethylbenzene raffinate 

concentrations. This can be explained by the more 3-dimensional structure of ethylbenzene, 

which causes steric hindrance and thereby hinders the cation-π interaction. This behavior is 

different compared to styrene, which is a flat molecule. Therefore [EMIM][SCN] is also 

more selective for styrene. Since a temperature increase reduces the styrene capacity to a 

larger extent than the ethylbenzene capacity, the selectivity decreases with increasing 

temperature.    

This interaction difference with [EMIM][SCN] also causes the decrease in ethylbenzene 

capacity with increasing ethylbenzene concentration in the raffinate. When the 

ethylbenzene concentration increases, it becomes more difficult to form a liquid clathrate 

with [EMIM][SCN], and therefore the ethylbenzene capacity decreases with increasing 

ethylbenzene concentration. Styrene displays an opposite behavior. The styrene capacity 

decreases with decreasing styrene concentration in the raffinate. The decrease in styrene 

capacity with decreasing styrene concentration in the raffinate can be explained by the 

lower activity coefficient of styrene in [EMIM][SCN] at higher styrene concentrations, just 

as in the binary system (styrene + [EMIM][SCN]). The explanation of this non-ideal 

behavior is provided above. From Figure 4-13 can be seen that the selectivity decreases 

with decreasing styrene mole fraction in the raffinate. This selectivity trend is a direct 

consequence of the ethylbenzene and styrene capacity, because the ethylbenzene capacity is 

stronger dependent on its mole fraction in the raffinate than styrene. The results for the 

ternary LLE experiments are also displayed in Figure 4-14, where the ternary diagrams are 

plotted for 313.2, 333.2, and 353.2 K. 

 

4.3.4. NRTL Parameter Regression 

The LLE and VLE data for the different systems were correlated with the NRTL model. 

The NRTL model is known to be able to correlate LLE as well as VLE data [41]. 

Furthermore, the NRTL model can describe systems containing ILs properly [24,42-44]. 

However, for systems containing ILs, it is common to regress binary and ternary VLE data 

separately to obtain NRTL parameters, because it is difficult to describe ternary VLE data 

from the binary systems [14-16,45]. Therefore, the binary and ternary VLE data for the ILs 

[4-mebupy][BF4] and [3-mebupy][B(CN)4] were regressed separately to obtain the NRTL 

parameters. Both were regressed with the binary LLE data to still be able to describe 
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liquid–liquid phase splitting, which is crucial for the extractive distillation column design. 

The ternary LLE data and binary VLE data for the IL [EMIM][SCN] were also regressed 

separately.  
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Figure 4-14. Ternary diagrams of the system (ethylbenzene + styrene + [EMIM][SCN]) at 313.2 K (a), 333.2 K 

(b), and 353.2 K (c). Experimental values (■,—–); NRTL correlations (□,– – –). 

 
The molar IL fraction in the organic phase in all LLE experiments was assumed to be 

0.0001, because this fraction could not be determined experimentally. This assumption is 

common in the procedure for the measurement of LLE data for binary and ternary systems 

containing ILs [24,46]. The required NRTL parameters are given in Equation 4-5. 

 

21whereforexp ,j,iji),(G,
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The parameters aij and bij characterize the interaction between molecules i and j and are 

acquired by a regression of the equilibrium data with the Aspen Plus Data Regression tool. 

The non-randomness parameter αij was also kept variable, which is usual for mixtures 

containing ILs [16,24,47]. For the ternary VLE data, the NRTL parameters between 

ethylbenzene and styrene were taken from Chapter 2. The vapor phase was considered as 

ideal, because the pressures in all VLE experiments were all well underneath the 

atmospheric pressure [41]. The maximum likelihood method was applied as objective 

function. Weight factors of 100 and 1 were given to the VLE and LLE data, 

correspondingly, to obtain an adequate correlation of the VLE data. The VLE data has 

priority over the binary LLE data, because the obtained NRTL parameters will be used to 

model an extractive distillation process, in which a proper description of the VLE data is 

essential. The rRMSD (relative root mean square deviation) for the temperature, pressure, 

and liquid mole fraction were calculated to see if the experimental LLE and VLE data can 

be well correlated by the NRTL model. The rRMSD is defined as 

 

n
rRMSD

N

i exp

calexp
2

∑ 













θ

θ−θ

=      (4-6) 

 

where n represents the number of data points, θ is the pressure, temperature, or liquid mole 

fraction, and the superscripts exp and cal represent the experimental and calculated value 

by the NRTL model, respectively. The obtained parameters and correlation statistics are 

shown in Tables 4-4 and 4-5, respectively. From Figures 4-1 to 4-13 and the rRMSD values 

in Table 4-5, the conclusion can be drawn that the LLE and VLE data can be properly 

correlated by the NRTL model. However, it should be noted that the binary LLE data is 

described with less accuracy if regressed together with the VLE data, which originates from 

the lower weight factor given to the binary LLE data. In Figure 4-10 is demonstrated that it 

is not possible to regress binary NRTL parameters for binary and ternary VLE data 

together. The relative volatility is calculated too high if parameters are used, which are 

regressed also from the binary VLE data. 
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Table 4-4: Binary NRTL interaction parameters obtained from the LLE and VLE data. 

System a12 a21 b12 [K] b21 [K] α 

Ethylbenzene (1) + styrene (2)a - - 304.61 -226.71 0.3 

Ethylbenzene + Styrene + [3-mebupy][B(CN)4] 

From solely binary LLE and VLE data 

Ethylbenzene (1) + [3-mebupy][B(CN)4] -14.03 -2.60 7216.90 761.37 0.331 

Styrene (1) + [3-mebupy][B(CN)4] (2) -18.95 -1.48 9093.60 40.09 0.369 

From solely binary LLE and ternary VLE data 

Ethylbenzene (1) + [3-mebupy][B(CN)4] 5.55 1.54 1161.07 841.02 0.270 

Styrene (1) + [3-mebupy][B(CN)4] (2) 5.46 1.53 979.07 -837.65 0.377 

Ethylbenzene + Styrene + [4-mebupy][BF4] 

From solely binary LLE and VLE data 

Ethylbenzene (1) + [4-mebupy][BF4] (2) -11.76 -1.99 8956.6 -639.9 0.077 

Styrene (1) + [4-mebupy][BF4] (2) 5.144 0.126 -193.5 -389.6 0.262 

From solely binary LLE and ternary VLE data 

Ethylbenzene (1) + [4-mebupy][BF4] (2) 9.10 0.83 -205.36 -107.46 0.254 

Styrene (1) + [4-mebupy][BF4] (2) 7.08 1.30 352.84 -340.85 0.340 

Ethylbenzene + Styrene + [EMIM][SCN] 

From solely binary VLE data 

Styrene (1) + [EMIM][SCN] (2) 20.96 2.66 -5612.2 -916.1 0.274 

From solely ternary LLE data 

Ethylbenzene (1) + [EMIM][SCN] (2) 8.46 0.59 14.99 38.49 0.187 

Styrene (1) + [EMIM][SCN] (2) 7.80 1.91 170.04 -404.01 0.274 
a NRTL binary interaction parameters for the system (ethylbenzene + styrene) were taken from Chapter 2. 

 
Table 4-5: Relative root mean square deviations (rRMSD) in liquid and vapor mole fraction, pressure and 

temperature for the correlation of the VLE and LLE data by the NRTL model. 

 rRMSD (%) 

Dataset P T x1 x2 y1 

Ethylbenzene (1) + Styrene (2) + [3-mebupy][B(CN)4] (3) 

Binary LLE + binary VLE data 

Binary LLE data (1) + (3) - 0.04 2.87 - - 

Binary LLE data (2) + (3) - 0.0003 - 3.05 - 

Binary VLE data (1) + (3) 0.07 0.08 0.06 - - 

Binary VLE data (2) + (3) 0.04 0.03 - 0.03 - 

Binary LLE + ternary VLE data 

Binary LLE data (1) + (3) - 0.03 1.95 - - 

Binary LLE data (2) + (3) - 2.07 - 0.59 - 

Ternary VLE data (1) + (2) + (3) 0.17 0.21 0.36 0.46 0.40 

Ethylbenzene (1) + Styrene (2) + [4-mebupy][BF4] (3) 

Binary LLE + binary VLE data 

Binary LLE data (1) + (3) - 0.004 7.1 - - 

Binary LLE data (2) + (3) - 0.29 - 8 - 

Binary VLE data (1) + (3) 0.05 0.06 0.07 - - 

Binary VLE data (2) + (3) 0.04 0.05 - 0.03 - 

Binary LLE + ternary VLE data 

Binary LLE data (1) + (3) - 0.003 21 - - 

Binary LLE data (2) + (3) - 0.008 - 7.2 - 

Ternary VLE data (1) + (2) + (3) 0.23 0.25 0.28 0.26 1.78 

Ethylbenzene (1) + Styrene (2) + [EMIM][SCN] (3) 

Binary VLE data (2) + (3) 0.1 0.12 0.13 - - 

Ternary LLE data (1) + (2) + (3) - 0.0009 

 
0.85 0.76 - 
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4.4. Conclusions 

In this work, binary LLE data at 313.2, 333.3, and 353.2 K, binary VLE data in the pressure 

range of 3–30 kPa, and ternary VLE data at 5, 10, and 15 kPa have been determined for the 

systems (ethylbenzene + styrene + [3-mebupy][B(CN)4]) and (ethylbenzene + styrene + [4-

mebupy][BF4]). For the system (ethylbenzene + styrene + [EMIM][SCN]), binary VLE 

data in the pressure range of 3–20 kPa for the system (styrene + [EMIM][SCN]), and binary 

and ternary LLE data at 313.2, 333.2, and 353.2 K have been measured. From the binary 

VLE data with the ILs [3-mebupy][B(CN)4] and [4-mebupy][BF4] was observed that there 

is a maximum in aromatic activity coefficient as function the aromatic mole fraction. An 

opposite behavior was measured for the IL [EMIM][SCN] due its higher cation-anion 

affinity. From the ternary equilibrium data, the conclusion can be drawn that the selectivity 

for the ethylbenzene/styrene mixture decreases in the order of [EMIM][SCN] > [4-

mebupy][BF4] > [3-mebupy][B(CN)4], which correspond to the findings from the IL 

screening study. The NRTL model can properly describe the binary and ternary phase 

equilibrium data. It was not possible to get a proper description of the ternary VLE data 

with the NRTL parameters determined solely from the binary systems.  

 

4.5. Nomenclature 

 

a   binary interaction parameter 

b   binary interaction parameter   K 

D   solvent capacity 

F   feed 

G   coefficient as defined in Equation (4-5) 

n   number of data points 

N   number of data points 

P   total pressure     Pa 

P
o
   pure component vapor pressure   Pa 

S   solvent 

S21   selectivity 

T   temperature     K 

x   mole fraction in the liquid phase 

x
’
   mole fraction on solvent free basis 

y   mole fraction in the vapor phase 

 

Greek symbols 

α   relative volatility 

αij   nonrandomness constant 

τ   coefficient as defined in Equation (4-5) 

γ   activity coefficient 
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σ   Standard deviation 

θ   measured variable (temperature, pressure, mole fraction) 

 

Superscripts 

I   organic phase 

II   ionic liquid phase 

 

Subscripts 

cal   calculated 

exp   experimental 

i   component i 

j   component j  

 

Abbreviations 

EB   ethylbenzene 

[EMIM][SCN]  1-ethyl-3-methylimidazolium thiocyanate 

FID   flame ionization detector 

IL   ionic liquid 

LLE   liquid–liquid equilibrium 

[3-mebupy][B(CN)4] 3-methyl-N-butylpyridinium tetracyanoborate 

[4-mebupy][BF4]  4-methyl-N-butylpyridinium tetrafluoroborate 

NRTL   nonrandom two-liquid 

ppm   parts per million 

rpm   rotations per minute 

rRMSD   relative root mean square deviation 

SM   styrene monomer 

VLE   vapor–liquid equilibrium 
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Abstract 
Extractive distillation using common organic solvents or ionic liquids (ILs) is a promising 

technology to separate the close-boiling mixture ethylbenzene/styrene. A proper solvent 

regeneration is crucial to obtain a technical and economic feasible process. In this chapter, a 

study to investigate which regeneration technology is the most promising option to recover 

styrene from the IL [4-mebupy][BF4] is presented. Stripping with a hot gas (N2 or 

ethylbenzene), supercritical CO2 extraction, distillation by adding a co-solvent, and 

evaporation were investigated as recovery technologies. Equilibrium stage models using 

previously determined activity coefficient models (the NRTL model was used to describe 

the vapor–liquid equilibrium data) were used in Aspen Plus to model the extractive 

distillation column and to evaluate the regeneration technologies. An optimal solvent-to-

feed ratio of 3.8 on mass base and 45 theoretical equilibrium stages were obtained from the 

optimization of the extractive distillation column. It was found that the IL that was fed to 

the extractive distillation column should have a purity of at least 99.6 wt% to maintain the 

purities of the top and bottom products from the extractive distillation column. This purity 

could not be obtained with an evaporator using mild conditions (T = 130 oC, Tcondenser ≥ 20 
oC). From the process models and the total annual costs, all calculated for a typical 

production capacity of 500.000 mta, the conclusion can be drawn that evaporation using 

very low pressures (P < 10 mbar) and stripping with ethylbenzene are the most promising 

technologies to recover styrene monomer from the IL [4-mebupy][BF4]. 
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5.1. Introduction 

The close-boiling mixture ethylbenzene/styrene is currently industrially separated by 

distillation [1]. Due to the low relative volatility of the ethylbenzene/styrene mixture, this 

distillation requires a large reflux of 7.1 and 70 equilibrium stages [1]. A typical production 

capacity of a styrene production plant is 500.000 metric tonnes annually (mta). Extractive 

distillation is a promising technology to reduce the capital and operational expenditures 

(CAPEX and OPEX) to separate close-boiling mixtures [2]. A commonly applied organic 

solvent in extractive distillation processes is sulfolane [3], which can increase the relative 

volatility of the ethylbenzene/styrene mixture up to 2.3  [2,4]. A promising alternative to 

traditional organic solvents are ionic liquids (ILs), which can decrease the OPEX and 

CAPEX to an even larger extent [5]. An IL integrates the advantages of a liquid solvent 

(easy operation) and a solid salt (high separation ability) and is reported as a “green 

solvent”, because of its negligible vapor pressure [6,7].  The other reported advantageous 

properties of ILs over commonly applied organic solvents are their designer solvent 

properties by changing the cation-anion combination [8,9], high chemical and thermal 

stability [8], broad liquid range [10], and the high capacity of ILs for aromatic components 

[11]. Moreover, in our ionic liquid screening study (see Chapter 3) we have demonstrated 

that many ILs have a larger selectivity than sulfolane for separating the 

ethylbenzene/styrene mixture [12]. Consequently, a lower reflux ratio can be used in the 

extractive distillation column using ILs. A process design should indicate whether the 

extractive distillation processes are beneficial compared to the current distillation process 

from OPEX and CAPEX perspective and whether ILs can outperform sulfolane.  

A proper solvent regeneration is crucial to obtain a technically and economically feasible 

extractive distillation process [3,5]. For the extractive distillation process with sulfolane, a 

distillation column is used for the solvent regeneration [2]. Because ILs have a negligible 

vapor pressure, other regeneration technologies can be applied, e.g. a simple evaporation 

[5,13,14]. However, although often mentioned as an advantage, the negligible vapor 

pressure of the ILs might also be a disadvantage, because relatively extreme conditions in 

terms of temperature and pressure are required in an evaporator to obtain high IL purities. 

High temperatures are undesired, because styrene tends to polymerize at elevated 

temperatures. A restriction in temperature for styrene of 130 oC is often used as a standard 

[1]. Therefore, there is a need to investigate alternative regeneration technologies to use in 

combination with evaporation or as a single regeneration technology.  

Reported alternatives are stripping with a hot gas, like nitrogen (N2) [5] or the top product 

from the extractive distillation column [15], and supercritical carbon dioxide (scCO2) 

extraction [16-18]. These three recovery options are typically used in combination with an 

evaporator and have the advantage that usually no extreme conditions are required [5]. A 

characteristic of a stripping process with N2 is that commonly low temperatures (T < 0 oC) 

are required to condense the stripped product from N2 [19]. This means that refrigerant has 

to be used as a coolant, which can increase the OPEX and CAPEX significantly. This 
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drawback can be overcome by applying the top product from the extractive distillation 

column as a stripping gas. ScCO2 extraction of a solute from the IL has the advantage that 

CO2 is a “green solvent” as well [16,17], and has already proven to be a viable solvent in 

coffee decaffeination and dry cleaning industries [16]. The main drawbacks of scCO2 

extraction are the large OPEX to pressurize the CO2 to supercritical conditions [20], and 

that the recovery of styrene from CO2 might also require low temperatures (T < 0 oC).  

Distillation is another option to recover organics from ILs by the addition of a low volatile 

organic co-solvent to the IL. Thereby, the extreme conditions in the styrene recovery from 

the IL could be avoided due to the small vapor pressure of the co-solvent. The co-

solvent/IL blend will be recycled to the extractive distillation column, where the bottleneck 

of applying this recovery technology lays. The organic co-solvent will lower the selectivity 

of the IL for the ethylbenzene/styrene mixture and some extra stages should be added to the 

top of the column to avoid contamination of the top product. In this study, sulfolane and n-

methylpyrrolidinone (NMP) have been selected as co-solvents, because sulfolane and NMP 

increase the relative volatility of the ethylbenzene/styrene mixture up to 2.3 [4] and 1.8–2 

[21], respectively. Therefore, both co-solvents do not strongly influence the selectivity of 

the IL for the ethylbenzene/styrene mixture.  

Another reported technology to purify ILs is melt crystallization [22]. Melt crystallization 

has the advantage that very high IL purities (wIL > 99.99 % [22]) can be obtained. However, 

the ILs investigated in this work have melting points below 0 oC, which would require 

tremendous amounts of refrigerant. Therefore, melt crystallization was not studied in detail 

in the work that is described in this chapter.  

The objective of the work described in this chapter was to investigate which regeneration 

technology is the best option to recover styrene monomer from ILs. The research was 

conducted for the IL 4-methyl-N-butylpyridinium tetrafluoroborate ([4-mebupy][BF4]), 

because this IL can increase the relative volatility of the ethylbenzene/styrene mixture up to 

2.8 and is thus more selective than the benchmark solvent sulfolane. In the approach of this 

study, the extractive distillation column was optimized first. Next, the effect of different 

styrene concentrations in the IL recycle was examined on the required reflux ratio and 

reboiler heat duty of the extractive distillation column. The results from this sensitivity 

analysis were required to find the minimum purity of the IL recycle. Subsequently, it was 

investigated which purity can be obtained by an evaporator using mild conditions (T < 130 
oC, Tcondenser ≥ 20 oC), after which the other regeneration technologies were modeled. 

Finally, an analysis was made of the OPEX and CAPEX to determine which regeneration 

technology is the most promising option to recover styrene from the IL [4-mebupy][BF4]. 

 

5.2. Process Descriptions Regeneration Technologies 

In this section, the final process schemes and their descriptions of the different regeneration 

technologies in combination with the extractive distillation column are provided. The 

process schemes of the regeneration processes are illustrated in Figures 5-1 to 5-6. 
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5.2.1. Evaporation under Mild Conditions 

The process scheme with one evaporator as a regeneration technology is depicted in Figure 

5-1. This process scheme is the preferred option, because evaporation is the least 

complicated technology to recover styrene from [4-mebupy][BF4]. The 

ethylbenzene/styrene feed and the solvent [4-mebupy][BF4] are fed to the middle and the 

top of the extractive distillation column, correspondingly. [4-mebupy][BF4] can be fed 

completely at the top of the extractive distillation column, because ILs do not have a 

significant vapor pressure and therefore will not contaminate the top product. Ethylbenzene 

leaves the extractive distillation column at the top, because it has a higher vapor pressure 

than styrene and [4-mebupy][BF4] is more selective towards styrene. Styrene and [4-

mebupy][BF4] leave the column at the bottom and are fed to the evaporator, where the 

styrene is evaporated from [4-mebupy][BF4]. The bottom stream from the extractive 

distillation column is fed to a heat exchanger first, in which this stream is heated to the 

temperature of the evaporator. The evaporator depicted in Figure 5-1 is operating at mild 

conditions, which means a temperature not higher than 130 oC [1] and at vacuum pressures 

at which normal cooling water of 20 oC can be used to condense the evaporated styrene. 

The IL from the evaporator is recycled back to the top of the extractive distillation column. 

The IL from the evaporator contains a large amount of heat and requires a cool down from 

130 oC to the temperature of the top of the extractive distillation column. Therefore, heat 

integration was performed by adding an extra reboiler at the bottom of the extractive 

distillation column. This reboiler is driven by the heat released by the IL and thereby 

minimizes the heat requirement for solvent heating. This type of heat integration is 

common practice in extractive distillation processes [2]. One extra heat exchanger was 

required to cool down the IL recycle to the temperature of the top of the extractive 

distillation column.  

 
 

Figure 5-1: Process scheme for extractive distillation process with an evaporator.  

EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4]. 

  

5.2.2. Evaporation at Very Low Pressures 

The process scheme for evaporation at very low pressures (P < 10 mbar) is illustrated in 

Figure 5-2. The flow sheet is similar to the one shown in Figure 5-1, except that an extra 
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evaporator is added after the first evaporator. If the first evaporator, operating at mild 

conditions, cannot meet the purity requirements of the IL recycle, an extra purification step 

is required. To increase the purity of the IL recycle, the second evaporator has to operate at 

lower pressures than the first evaporator, because the maximum operating temperature must 

not exceed 130 oC. Chilled cooling water (≈ 7 oC) or refrigerant is required to condense the 

evaporated styrene from the second evaporator. It was also investigated whether it would be 

more beneficial to compress the vapor stream from the second evaporator to higher pressure 

to be able to apply normal cooling water.  

 

 
 

Figure 5-2: Process scheme for extractive distillation process with two evaporators as regeneration technology. 

The first evaporator is operating at mild conditions (T = 130 oC, Tcondenser ≥ 20 oC), the second evaporator at very 

low pressures. EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4]. 

 

5.2.3. N2 Stripping 

The schematic view of the N2 stripping process is shown in Figure 5-3. 

 

 
 

Figure 5-3: Process scheme for extractive distillation process with nitrogen stripping.  

EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4]; N2 = nitrogen. 

 
In this process an evaporator is used at mild conditions as well to recover a large part of the 

styrene from the IL in order to reduce the required amount of N2.The final polishing of the 
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IL to higher purities is performed in the N2 stripping column. The stream from the 

evaporator is fed to the top of the stripping column and the N2 is fed countercurrently from 

the bottom. The purified IL leaves the stripping column at the bottom and is recycled to the 

extractive distillation column. The stripped styrene and N2 leave the stripper at the top. 

First, the stream is lead through a heat exchanger where heat is exchanged with the cold N2 

that is recycled to the stripping column. After the heat exchanger, the stream is fed through 

two condensers to recover the styrene product. The first and second condenser use normal 

cooling water of 20 oC and refrigerant, respectively. The purified N2 is recycled to the 

bottom of the stripping column.  

.  

 

5.2.4. Ethylbenzene Stripping 

The ethylbenzene stripping process is depicted in Figure 5-4. 
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Figure 5-4: Process scheme for extractive distillation process with ethylbenzene stripping. 

EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4].   

 

Here, ethylbenzene from the top of the extractive distillation column is used as the stripping 

agent instead of N2. The ethylbenzene stripping gas is heated to the temperature of the 

stripping column by a heat exchanger and a heater. The ethylbenzene stripping gas is 

contacted countercurrently with the liquid feed in the stripper. The bottom stream from the 

stripper, containing [4-mebupy][BF4] and ethylbenzene, is recycled to the extractive 

distillation column. The ethylbenzene in the IL recycle does not have a negative impact on 

the extractive distillation column performance, because ethylbenzene is already introduced 

to the top of the extractive distillation column via the distillate reflux. The distillate reflux 

will decrease if ethylbenzene is introduced to the top of the extractive distillation column 

via the IL recycle. However, the reflux is also dependent on the styrene concentration in the 

IL recycle, which is presented later on in this chapter. The top stream of the ethylbenzene 

stripper consists of styrene and ethylbenzene. This stream is contacted indirectly in a heat 

exchanger with the ethylbenzene stripping gas from the top of the extractive distillation 
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column. Subsequently, the ethylbenzene/styrene stream is liquefied using a condenser and 

fed to the extractive distillation column. 

 

5.2.5. Distillation with the Blends NMP/IL and Sulfolane/IL 

The recovery process through distillation is illustrated in Figure 5-5, in which the blends 

NMP/IL and sulfolane/IL are used as the solvents. In this process, the blend mixture is 

introduced a few stages below the top to avoid contamination of the top product of the 

extractive distillation column, because contrary to the IL, the vapor pressure of NMP and 

sulfolane is not negligible. The bottom stream from the extractive distillation column is fed 

to the solvent recovery column, where styrene is obtained at the top. The solvent blend 

leaves the recovery column at the bottom and is recycled to the extractive distillation 

column. A make-up stream of the organic co-solvents is added to the solvent recycle stream 

to account for the small solvent losses of sulfolane/NMP at the tops of both distillation 

columns. 

 
 

Figure 5-5: Process scheme for extractive distillation process with distillation.  

EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4]; SF = Sulfolane; NMP = n-methylpyrrolidinone. 

 

5.2.6. Supercritical Carbon Dioxide Extraction 

The process with scCO2 extraction as recovery technology is shown in Figure 5-6. Similar 

to the processes that make use of stripping as recovery technology (schemes 5-3 and 5-4), 

here an evaporator is used to reduce the amount of scCO2 that is required for the recovery 

as well. The bottom stream of the evaporator is in this process fed to the scCO2 extraction 

column, which operates at much lower temperatures, preferably at 40 oC [16]. Therefore, 

heat integration is performed first with the extractive distillation column before feeding it to 

the scCO2 extraction column. The IL/styrene mixture from the evaporator and the scCO2 

stream are fed to the extraction column countercurrently. In this column, the styrene is 

transferred from the IL phase to the scCO2. The IL does not dissolve in the scCO2, because 

it does not have a vapor pressure [16]. The styrene and scCO2 leave the extraction column 

at the top and after depressurization of this stream, pure styrene is obtained. Possibly, a 

condenser is required to obtain the styrene after depressurization, depending on the amount 
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of scCO2 required to extract the styrene from [4-mebupy][BF4]. Some scCO2 will leave the 

extraction column via the bottom, because CO2 has a significant solubility in ILs [23]. After 

depressurization of this stream, pure IL and CO2 are obtained. The CO2 streams from both 

depressurization units are fed to a compression unit, which compresses the CO2 back to 

supercritical conditions. 

 

 
 

Figure 5-6: Process scheme for extractive distillation process with super critical carbon dioxide extraction. 

EB = ethylbenzene; SM = styrene; IL = [4-mebupy][BF4]; N2 = nitrogen; scCO2 = supercritical carbon dioxide.  

 

5.3. Process Modeling and Calculation of Operational and Capital Expenditures 

The model choice, simulation package, modeling approach, model input, and the input for 

the calculation of the OPEX and CAPEX are discussed in this section. 

 

5.3.1. Equilibrium Stage Model 

An equilibrium stage model was used to model the extractive distillation column and the 

regeneration technologies, except for the scCO2 extraction regeneration technology. An 

equilibrium stage model assumes physical equilibrium between the vapor and liquid phases 

[24], which is sufficient for a first evaluation of the various regeneration technologies. The 

equilibrium stage model is based on the MESH (Material, Equilibrium, Summation, and 

Heat balance) equations and was simulated in Aspen Plus. The inside-out RadFrac model 

was used in combination with Newton’s algorithm to model the extractive distillation 

column. The Newton’s algorithm is recommended for highly non-ideal systems and is 

better for columns with highly sensitive specifications [25,26]. The N2 and ethylbenzene 

stripping columns were modeled with the RadFrac model as well. The evaporators were 

modeled with a two-outlet Flash vessel. 

 

5.3.2. Thermodynamics 

The modified Raoult’s law was used to describe the physical equilibrium between the vapor 

and liquid phase [24]. The vapor phase was assumed to be ideal, because all processes were 

modeled from deep vacuum to atmospheric pressure [27]. Moreover, the vapor phase 



Chapter 5 

91 

consisted mainly of ethylbenzene and styrene, which are components with similar 

molecular structures. The Antoine equation was used to calculate the pure component vapor 

pressures of ethylbenzene, styrene, sulfolane, and NMP. The Antoine parameters for 

ethylbenzene [4], styrene [4], and sulfolane [28] were taken from Table 2-2 (Chapter 2) and 

for NMP from the Aspen Plus database. A vapor pressure of zero was attributed to the IL 

[4-mebupy][BF4], because ILs have a negligible vapor pressure. The nonrandom two-liquid 

model was used to calculate the activity coefficients of the components in the liquid phase. 

The NRTL model was selected, because it can describe vapor–liquid equilibrium (VLE) as 

well as liquid-liquid equilibrium (LLE) for multicomponent systems [27]. The binary 

NRTL parameters between all components have to be known to get a proper description of 

the non-ideal behavior in the liquid phase [27]. The NRTL parameters between the IL [4-

mebupy][BF4] and ethylbenzene/styrene were required for the processes with evaporation, 

N2 stripping, and ethylbenzene stripping as regeneration technologies. These NRTL 

parameters have been determined previously, and are listed in Table 4-4 from Chapter 4. 

For systems containing ILs, it is difficult to describe binary and ternary VLE data with a 

single set of binary NRTL parameters [29,30]. Therefore, the NRTL parameters regressed 

solely from the ternary VLE data and binary LLE data were used to model the extractive 

distillation column and the ethylbenzene stripper. The parameters from merely the binary 

VLE data and binary LLE data were applied to model the other recovery technologies. To 

model the distillation recovery technology, in which NMP and sulfolane were used as co-

solvents, the binary NRTL parameters have to be known between sulfolane (or NMP) and 

the components ethylbenzene/styrene/[4-mebupy][BF4]. The parameters for the ternary 

system ethylbenzene/styrene/sulfolane have been determined previously, and are listed in 

Table 2-3. The NRTL parameters between ethylbenzene/styrene and NMP were determined 

by the group contribution method UNIFAC [31] using the Dortmund Databank parameters 

in Aspen Plus, because the NRTL parameters for this system are not available in the open 

literature. The obtained NRTL parameters for this system are listed in Table 5-1. The other 

required NRTL parameters between sulfolane/[4-mebupy][BF4] and NMP/[4-

mebupy][BF4] were determined from activity coefficients at infinite dilution [27] and are 

also listed in Table 5-1. The activity coefficients at infinite dilution were determined by the 

software package COSMO-RS  at 100 oC [32]. COSMO-RS was used, because group 

contribution methods like UNIFAC are not suitable for systems containing ILs, because 

they cannot handle the long-range interactions in ionic components [33]. 

 

Table 5-1: The binary NRTL parameters for the systems (ethylbenzene + styrene +  

n-methylpyrrolidinone (NMP)), (NMP+ [4-mebupy][BF4]), and (sulfolane + [4-mebupy][BF4]). 

Component i Ethylbenzene Styrene NMP sulfolane 

Component j NMP NMP [4-mebupy][BF4] [4-mebupy][BF4] 

bij 350.04 327.34 257.55 298.65 

bji -65.58 -192.59 -287.49 -339.78 

αij 0.3 0.3 0.3 0.3 
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The liquid heat capacity is another important property to model the extractive distillation 

processes. The DIPPR (Design Institute for Physical Property Data) equation was used to 

calculate the specific liquid heat capacity of the different components. The parameters to 

calculate the specific heat capacity for ethylbenzene, styrene, NMP, and sulfolane were 

taken from the Aspen Plus databank. The DIPPR parameters for [4-mebupy][BF4] were 

taken from Bandres and co-workers [34]. 

 

5.3.3. Model Input 

 

Feed Conditions and Purity Requirements 

The ethylbenzene/styrene feed to the extractive distillation column was 100 metric 

tonnes/hr, with a styrene concentration of 60 mole% [1]. The feed entered the column at its 

boiling point. The required ethylbenzene purity at the top of the extractive distillation 

column was 98.3 mole% [1]. The ethylbenzene impurity level in the final styrene product 

was set to 100 ppm. The top and bottom flows were calculated by a mass balance. The 

temperature of the IL was set to its feed tray temperature. 

 

Extractive Distillation Column 

The condenser pressure was set to 50 mbar to keep low temperatures in the extractive 

distillation column, and thereby minimizing the amount of styrene polymerization. The 

structured packing Mellapak 250X, which is often applied for ethylbenzene/styrene splitters  

due to its low pressure drop[1,35], was chosen as internal. A thermosyphon reboiler, which 

is often applied to distill thermally sensitive components [1,36], was used in the model. The 

IL was fed to the top stage of the extractive distillation column. The ethylbenzene/styrene 

feed entered the column at the stage where the ethylbenzene/styrene ratio was similar to the 

ethylbenzene/styrene feed ratio. An optimization of the extractive distillation column was 

done to find the optimal solvent-to-feed (S/F) ratio, number of equilibrium stages (NTS), 

and reflux ratio. These three parameters have the largest influence on the performance of an 

extractive distillation column [3,37]. First, the minimum required S/F ratio was determined 

to avoid multiple liquid phases in the extractive distillation column, because [4-

mebupy][BF4] is not fully miscible with ethylbenzene and styrene [12]. Multiple liquid 

phases in an extractive distillation process should be avoided, because it decreases the 

process efficiency [37,38]. Subsequently, the S/F ratio was varied up to 7 on mass base, and 

the number of theoretical stages was varied from 35–60 with a step change of 5. The reflux 

ratio was calculated by a design spec in Aspen Plus, in which the required ethylbenzene 

impurity level of 100 ppm in the styrene bottoms product was set as the target. The 

regeneration technologies were modeled all together with the extractive distillation column. 

The recycling streams from the regeneration technologies differ in composition and 

therefore have different effects on the extractive distillation performance. 
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Purity requirement IL recycle  

The effect of the styrene concentration in the IL recycle on the extractive distillation 

column performance was investigated to determine up to which purity the IL needs to be 

purified. This was done for the optimal S/F ratio and NTS. The styrene concentration in the 

IL recycle was varied from 0 to 0.5 wt%. The reflux ratio was varied by a design spec in 

Aspen Plus to meet the purity requirements of the top and bottom products. 

 

Evaporation 

First, the minimum vacuum pressure in the evaporator was determined to still be able to 

condense the evaporated styrene with normal cooling water of 20 oC. A temperature 

difference of 10 oC over the condenser was used [19], meaning that the minimum allowable 

vacuum pressure was determined at 30 oC. Next, the pressure and temperature of the 

evaporator were varied to determine the IL purity, which can be obtained at mild 

conditions. 

 

Evaporation at Very Low Pressure 

Very low pressures are required if the IL purity specification cannot be obtained using an 

evaporator at mild conditions. The required pressures were determined for several purities 

of the IL recycle using a design spec in Aspen Plus. These IL purities were determined, 

because it was expected that a higher IL purity would require more heating/cooling in the 

regeneration section, but would have a beneficial effect on the extractive distillation column 

performance. 

 

N2 Stripping 

The N2 stripping column was modeled at a pressure of 1 atm and a temperature of 130 oC. 

The NTS and N2 flow are the two parameters, which have the largest influence on a 

stripping process [39]. The NTS were varied and via a design spec the optimal N2 flow was 

determined for several IL purities. Subsequently, the total stripping process was modeled 

including the extractive distillation column for several IL recycle purities. 

 

Ethylbenzene Stripping 

The ethylbenzene stripping column was simulated at a temperature of 130 oC as well. The 

pressure in the ethylbenzene stripping column was varied from 16.8 to 40 mbar. 16.8 mbar 

was determined as the minimum allowable vacuum pressure for the stripping column, 

because at this pressure ethylbenzene can still be condensed using normal cooling water of 

20 oC. A pressure of 40 mbar was used as the highest pressure, because this avoids the need 

for a compressor to transport the ethylbenzene from the extractive distillation, which 

operates at 50 mbar, to the ethylbenzene stripping column. The optimal ethylbenzene flow 
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was determined in the same manner as for N2 stripping and finally the total process was 

modeled including the extractive distillation column. 

 

Distillation with NMP/IL and sulfolane/IL Blend 

First, the effect of several NMP/IL and sulfolane/IL mass ratios on the relative volatility of 

the ethylbenzene/styrene mixture was determined. This effect was determined by a Flash 

vessel in Aspen Plus at 50 mbar. The optimal S/F ratio from the optimization of the 

extractive distillation column was applied. The ethylbenzene/styrene mass ratio was 40/60.  

Based on these results, the optimal NMP/IL and sulfolane/IL ratios were selected and used 

as input for the model of the extractive distillation column. Next, the amount of stages 

which needed to be added to the top of the extractive distillation column was determined to 

avoid contamination of the ethylbenzene top product (wSF/NMP < 1 ppm). Subsequently, the 

optimal NTS for the regeneration column was determined, which was followed by the 

model of the total process. The purity of the blend to be recycled to the extractive 

distillation column was set to 99.9 wt% (i.e. 0.1 wt% styrene). The regeneration columns 

were both modeled at 11.1 mbar, to keep the temperatures in the reboiler as low as possible. 

The NTS was varied to determine the optimal reflux ratio and thereby also the optimal 

reboiler heat duty. 

 

ScCO2 Extraction 

The regeneration process using scCO2 extraction was not modeled in Aspen Plus, because 

there were no interaction parameters available for this system in the open literature or in the 

Aspen Plus data base. Moreover, Aspen Plus has difficulties to calculate the power required 

to compress CO2 to supercritical conditions properly [40].  Therefore, a process design was 

made using literature data by Blanchard and co-workers [16] about the recovery of organic 

products, like benzene, from the IL 1-butyl-3-methylimidazolium hexafluorophosphate 

([BMIM][PF6]) using scCO2 extraction. The systems studied by Blanchard et al. are similar 

to the system studied in this work. Benzene and styrene are both aromatic components 

having a flat molecular structure [41]. The ILs [BMIM][PF6] and [4-mebupy][BF4] both 

have an aromatic cation containing a butyl and a methyl group as side chains. Moreover, 

both of them have a spherical anion. Therefore, a first estimate can be made about the 

OPEX using the LLE data of Blanchard et al.. In their manuscript, the organic product 

recovery percentage as function of the scCO2/organic product ratio is reported. From the 

LLE data for the system (benzene + [BMIM][PF6] + scCO2), the solvent capacity was 

calculated using a mass balance over the extraction experiment. With the solvent capacity, 

the minimum required solvent flow for our system could be calculated. The required 

solvent flow was corrected by the molecular weight difference between styrene (Mw = 

104.2 g/mole) and benzene (Mw = 78.1 g/mole). The CO2 solubility in [4-mebupy][BF4] 

was also taken into account using another article published by Blanchard et al. [23]. Finally, 
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the energy requirements for the CO2 compression system were calculated from the total 

scCO2 flow using data from Maramba and Bhattacharya [42]. 

 

5.3.4. Operational and Capital Expenditures 

The OPEX and CAPEX were calculated to make a proper comparison between the 

regeneration processes. The OPEX were calculated from the heating and cooling duties 

provided by the Aspen Plus simulations. The used cost factors to calculate the OPEX are 

shown in Table 5-2. A running time of 8400 hours per year was used to calculate the OPEX 

per year [43]. 

 

Table 5-2: Cost factors for the operational expenditures [19,43]. 

Cost factor €/GJ 

Heating  

Steam medium pressure (10–12 bar) 9.95 

Steam low pressure (3,4 bar) 6.22 

Cooling  

Cooling water (> 32 oC) 0.80 

Cooling water (20 oC) 1.73 

Chilled water (7 oC) 12.3 

Ammonia (-34 oC) 24.7 

 

Aspen Process Economic Analyzer was used to determine the CAPEX of the different 

regeneration processes. The dimensions of all (extractive) distillation columns were 

calculated directly in Aspen Plus using the Packing Sizing tool and exported to Aspen 

Process Economic Analyzer [44]. The areas of the thermosyphon reboilers, condensers, and 

heat exchangers were calculated using standard overall heat transfer coefficients [45]. 

Shell-and-tube heat exchangers were used for the condensers and heat exchangers. A forced 

circulation evaporator was selected to determine the CAPEX of the evaporators, because of 

their proven application for thermally sensitive mixtures [36]. A falling film evaporator was 

chosen as the second evaporator for the recovery option using extra low vacuum pressures 

[45]. The purchase costs of pumps were not taken into account. It was also assumed that 

utilities, like a refrigeration unit e.g., are already available at the plant site. Stainless Steel 

316 was selected as the material type, because ILs are known as slightly corrosive fluids 

[46,47]. The total solvent investment was calculated from the total solvent hold-up in the 

process and the price per kg. The assumption was made that the price of the IL [4-

mebupy][BF4] is € 25/kg [48]. Sulfolane and NMP cost € 2.78/kg [49] and € 2.07/kg [50], 

respectively. 

 

5.4. Results and Discussion 

In this paragraph, the results are presented for the different regeneration technologies. 

Before looking into the regeneration technologies, the optimization of the extractive 

distillation column is discussed, followed by the influence of the styrene concentration in 

the IL recycle on the performance of the extractive distillation column. Subsequently, the 
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results are discussed for the different regeneration technologies. Finally, the results for the 

OPEX and CAPEX calculations for the different regeneration technologies are presented. 

 

5.4.1. Extractive Distillation Column 

Optimization of the extractive distillation column involved minimization of the reflux ratio 

as function of the S/F ratio and the number of stages. In order to ensure a homogeneous 

liquid phase over the complete column, the minimum required S/F ratio was 3.8 kg IL/kg 

feed. Figure 5-7a shows that the reflux ratio decreases slightly with increasing S/F ratio, 

which is common for extractive distillation columns [37]. The relative volatility increases 

with increasing S/F ratio, and thereby the reflux ratio can decrease to obtain the same top 

and bottom purity. Commonly, the minimum reflux ratio is a strong function of the S/F 

ratio, especially at low S/F ratios [4,38]. The effect of increasing S/F ratio becomes smaller 

at higher S/F ratios [4]. A rather large S/F ratio (i.e. a large molar IL/organic ratio on the 

equilibrium trays) is a prerequisite to obtain a homogeneous liquid phase, and therefore the 

reflux ratio is not strongly decreasing with increasing S/F ratio for the system studied here. 

Figure 5-7b displays the reboiler heat duty, which increases with increasing S/F ratio.  
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Figure 5-7a: Reflux ratio (R) as function of S/F ratio and number of stages (NTS).  

Figure 5-7b: Reboiler heat duty (QREB) as function of S/F ratio and NTS. 

(—), NTS = 35; (– –), NTS = 40; (· · ·), NTS = 45; (–·–), NTS = 50; (–··–), NTS = 55; (····), NTS = 60.  

 

The supplied energy to the reboiler is mainly used to obtain a certain boil up (evaporation) 

rate in the extractive distillation column and to heat up the solvent [37]. The energy 

required for evaporation decreases only slightly with increasing S/F ratio. However, the 

amount required for solvent heating increases linearly with increasing S/F ratio. Therefore, 

an S/F ratio of 3.8 was selected as the optimal S/F ratio to keep the energy requirements for 

heating up the solvent as low as possible. At this S/F ratio, 31 % of the energy supplied to 

the reboiler is required for solvent heating. Figure 5-7 also illustrates the influence of the 

NTS on the reflux ratio and reboiler heat duty, which both decrease with increasing NTS. 
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From Figure 5-7b can be seen that at a certain NTS, the reboiler heat duty decreases not 

significantly with increasing NTS, because the minimum required reflux ratio is 

approached to obtain the bottom and top purity. An optimal NTS of 45 was selected, 

because an increase of the NTS from 45 to 50 resulted in a reboiler heat duty reduction of 

less than 1 % compared, which was used as the criterion to select the optimum NTS. At 

these optimal settings, the reflux ratio to obtain the top and bottom purity requirements is 

1.49. The IL leaving the column at the bottom of the extractive distillation column contains 

13.4 wt% styrene and has a temperature of 78.5 oC. These were the input conditions for the 

different recovery technologies. 

 

5.4.2. Purity requirement IL recycle 

Figure 5-8 shows the influence of the styrene concentration in the IL recycle on the reflux 

ratio (left y-axis) and reboiler heat duty (right y-axis). From this figure the conclusion can 

be drawn that the reflux ratio and reboiler heat duty both increase with increasing styrene 

concentration in the IL recycle. The increase of the reboiler heat duty is a direct result from 

the increase in reflux ratio. A part of the added styrene at the top of the extractive 

distillation will evaporate at the top stage. Therefore, the reflux ratio must increase to 

maintain the same ethylbenzene purity (xEB = 98.3 mole%).  
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Figure 5-8: Influence of styrene mass concentration (wSM) in the ionic liquid recycle on the reflux ratio (R) and 

reboiler heat duty (QREB) of the extractive distillation. (—), R; (– –), QREB.  

 

From this analysis, the conclusion can also be drawn that a styrene concentration larger 

than 0.4 wt% in the IL recycle should be avoided. A larger reflux ratio is required if more 

styrene is added to the column, and, thereby, the IL/organic ratio decreases on the 

equilibrium trays. This is undesirable, because it causes liquid–liquid phase splitting at a 

styrene concentration larger than 0.4 wt%. A larger S/F ratio can be applied to maintain a 

homogeneous liquid phase. However, more styrene will be added to the extractive 

distillation column via the IL recycle, if a larger S/F ratio is applied. Therefore, a larger 

reflux ratio is required to maintain the ethylbenzene purity at the top of the column, by 
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which the IL/organic ratio decreases, etc. It is not possible to get out of this loop. The 

maximum styrene concentration in the IL recycle is thus 0.4 wt%, meaning a minimum IL 

purity of 99.6 wt%. This criterion was used to explore if the regeneration technologies can 

meet this purity specification, which is explained in the next section. However, higher IL 

purities (> 99.6 wt%) are preferred, because it clearly gives a lower reboiler heat duty.  

 

5.4.3. Evaporation 

The proposed process scheme using a single evaporator as the regeneration technology is 

shown in Figure 5-1. The pure component vapor pressure curve of styrene is depicted in 

Figure 5-9a. The dotted line in Figure 5-9a indicates the pressure at which normal cooling 

water of 20 oC can be applied to condense the styrene vapor from the evaporator. From this 

analysis, the conclusion can be drawn that a minimum vacuum pressure of 11.1 mbar can 

be applied.  
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Figure 5-9a: Pure component vapor pressure of styrene. The dotted line indicates the styrene pressure at which 

normal cooling water of 20oC could still be used to condensate styrene, assuming a ∆T of 10K over the heat 

exchanger. Figure 5-9b: Ionic liquid purity (wIL), which can be obtained by evaporation as function of pressure 

(P) and temperature (T). The straight short dotted line is the minimum required IL purity by evaporation at mild 

conditions. (—–), P = 11.1 mbar; (– – –), P = 20 mbar; (····), P = 30 mbar; (–·–), P = 40 mbar; (–··–), P = 50 mbar. 

 

In Figure 5-9b the obtained IL mass fraction is shown as function of temperature and 

pressure using an evaporator. The IL mass fraction increases with increasing temperature 

and decreasing pressure. This relation can be derived from the modified Raoult’s law. The 

straight short dotted line in Figure 5-9b illustrates the minimum required purity for the IL 

recycle. A maximum temperature of 130 oC was selected for the recovery technologies to 

keep the formation of styrene polymer low. An IL recycle purity of 99.5 wt% was obtained 

at this temperature and the minimum pressure of 11.1 mbar, which corresponds to a styrene 

recovery of 97 %. The use of an evaporator using these conditions is thus not sufficient to 

obtain the minimum required IL recycle purity. Therefore, many other regeneration 

technologies were explored, which are discussed in the following sections. The other 



Chapter 5 

99 

regeneration technologies were all, except for the regeneration using distillation, 

investigated in combination with the evaporator, which operates at 130 oC and 11.1 mbar. 

This evaporator thus recovers a major part (97 %) of the styrene from [4-mebupy][BF4] and 

thereby minimizes the energy requirements for the other regeneration technologies to polish 

the IL purity. The polishing technologies were modeled for the IL purities of 99.9, 99.8, 

and 99.7 wt%, because higher IL purities will give lower reboiler heat duties in the 

extractive distillation column as explained in section 5.4.2. The reboiler heat duty 

especially increases strongly at IL purities below 99.7 wt%. 

 

5.4.4. Evaporation at very Low Pressures 

The schematic view on the regeneration process using one evaporator at mild conditions (T 

= 130 oC, P = 11.1 mbar) and one extra evaporator operating at lower vacuum pressures is 

provided in Figure 5-2. In Figure 5-10a the required vacuum pressures (left y-axis) and 

condenser temperatures (right y-axis) are depicted as function of the IL recycle purity. The 

required pressure decreases with increasing IL purity. Thereby, the required condenser 

temperature also decreases, which can be derived from the Antoine equation [24]. The total 

process, as depicted in Figure 5-2, was modeled for the IL recycle purities: 99.7, 99.8, and 

99.9 wt% (see section 5.4.1 and 5.4.3). A higher IL purity will require more heating and 

cooling requirements in the evaporator at very low pressure, but will have a beneficial 

effect on reboiler heat duty of the extractive distillation column.  
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Figure 5-10a: Required vacuum pressures (P) and condenser temperatures (Tcondenser) to obtain high ionic liquid 

purities by evaporation at a temperature of 130 oC. (—–), Pressure evaporator; (– – –), required condenser 

temperature. Figure 5-10b: Heat duty and refrigeration requirements for the total extractive distillation process 

using two evaporators for different IL recycle purities (wIL). Grey bars, heat duty requirements; light grey bars, 

refrigeration requirements.  

 

The vacuum pressures in the second evaporator to obtain the IL purities of 99.7, 99.8, and 

99.9 wt% were 7.8, 5.2, and 2.6 mbar, respectively. These are much lower than for the 

evaporator operating at mild conditions. The heat duty and refrigeration requirements for 
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the total extractive distillation process as function of IL recycle purity are depicted in 

Figure 5-10b. This figure shows that the effect of the IL purity in the recycle on the heat 

duty requirements for the total process is minor in the purity range evaluated. These small 

differences in heat duty requirements as function of the IL recycle purity can be explained 

by the fact that a large styrene recovery (97 %, see section 5.4.3) is already obtained in first 

evaporator operating at 130 oC and 11.1 mbar. Therefore, the heat duty requirements for 

purifying the IL to higher concentrations, using an evaporator at very low pressures, 

contribute to only 0.2–0.5 % of the total heat duty requirements, depending on the IL 

recycle purity. Moreover, the benefits in heat duty requirements for the extractive 

distillation column of recycling the IL up to higher purities cancel out with the extra energy 

required for refrigeration. It was not feasible to compress the vapor from the second 

evaporator to higher pressures to be able to condense this stream using normal cooling 

water, because the vapor temperature exceeded the temperature limit of 130 oC. Moreover, 

the investment costs for a compressor were found to be 3–4 times higher than a condenser 

using refrigerant.  

 

5.4.5. N2 Stripping 

The process with N2 stripping as the recovery technology is shown in Figure 5-3. Here the 

evaporator, operating at 130 oC and 11.1 mbar, was used to recover the majority (97 %) of 

the styrene as well. The bottom stream from this evaporator was fed to the N2 stripping 

column. First, the required stripping flow to obtain higher IL purities was determined by 

varying the NTS of the stripping column. The results for this sensitivity analysis are shown 

in Figure 5-11a for the IL purities of 99.7, 99.8, and 99.9 wt%.  
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Figure 5-11a: Required nitrogen (N2) flow as function of the number of theoretical stages (NTS) to obtain the 

required IL purity. (—–), wIL = 99.9 wt%; (– – –), wIL = 99.8 wt%; (····), wIL = 99.7 wt%. 

 Figure 5-11b: Heat and refrigeration requirements for the total extractive distillation using nitrogen stripping for 

different IL recycle purities (wIL). Grey bars, heat duty requirements; light grey bars, refrigeration requirements.  

 



Chapter 5 

101 

Figure 5-11a shows that a larger N2 flow is required to obtain higher IL purities. The N2 

stripping flow clearly decreases with the increasing NTS. The N2 stripping flow approaches 

the minimum at infinite NTS. A lower stripping flow leads to lower refrigeration 

requirements, because it is easier to condense styrene from the N2. An optimal NTS of 7, 5, 

and 3 were selected for the IL recycle purities of 99.9, 99.8, and 99.7 wt%, 

correspondingly. At these NTS, the N2 stripping flow decreases less than 1–2 % compared 

to using one NTS less, which was used to select the optimum NTS. The total process 

including the N2 stripping was modeled for the different IL purities. The heat duties and 

refrigeration requirements as function of these purities are depicted in Figure 5-11b. There 

are minimal differences in energy requirements for the total process with the different IL 

recycle purities, which can be explained by the fact that already a large styrene recovery 

(97 %) is obtained in the evaporator. Therefore, heating and refrigeration requirements in 

the N2 stripping process are rather low. The N2 stripping contributes to about 0.1–0.3 % of 

the total heat duty requirements. The benefits in heat duty requirements for the extractive 

distillation column of recycling the IL up to higher purities cancel out with the extra energy 

required in the stripping process. The heating requirements for the total process using N2 

stripping as recovery technology (23.9 MW at wIL = 99.9 wt%) or evaporation at very low 

pressures (24.1 MW at wIL = 99.9 wt%) are almost similar.  

 

5.4.6. Ethylbenzene Stripping 

A schematic view of the process with ethylbenzene stripping is illustrated in Figure 5-4. 

The bottom stream from the evaporator operating at 130 oC and 11.1 mbar was fed to the 

ethylbenzene stripping column. For the ethylbenzene stripping process not only the NTS 

was varied to find the optimal stripping flow, but different vacuum pressures were applied 

as well. The pressure of the ethylbenzene stripping column was varied between 16.8 and 40 

mbar. The results from the sensitivity analysis are shown in Figure 5-12a, in which the 

required ethylbenzene stripping flow is depicted as function of NTS and vacuum pressures 

for an IL recycle purity of 99.8 wt%. The trends for 99.7 and 99.9 wt% were similar. From 

Figure 5-12a can be seen that the required ethylbenzene stripping flow decreases with 

decreasing pressure. This behavior can be explained by the increase in distribution 

coefficient of styrene between the vapor and liquid phase at decreasing pressures, which 

can be derived from the modified Raoult’s law. Therefore, the required ethylbenzene 

stripping flow is also much lower compared to the N2 stripping flow in the N2 stripping 

process (P = 1 atm). The required ethylbenzene flow decreases with increasing NTS and 

approaches the minimum required ethylbenzene stripping flow at infinite NTS. An optimal 

NTS of 13, 11, and 7 were selected for the IL purities of 99.9, 99.8, and 99.7 wt%, 

respectively, which are higher than the N2 stripping process. This originates from the lower 

stripping flow in the ethylbenzene stripping process compared to the N2 stripping process 

together with the applied criterion to select the optimal NTS (1–2 % decrease in stripping 

flow compared to one stage less). An increase in NTS leads to a lower stripping flow, but 
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since the flow in the ethylbenzene stripping column is already rather low, more stages are 

required to reach the criterion of 1 %. 
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Figure 5-12a: Required ethylbenzene (EB) stripping flow as function of the number of theoretical equilibrium 

stages (NTS) for the ionic liquid recycle purity of 99.8 wt%. (—–), P = 16.8 mbar; (– – –), P = 20 mbar; (····), P = 

30 mbar; (–·–), P = 40 mbar. Figure 5-12b: Heat duty requirements for the extractive distillation process including 

ethylbenzene stripping for different pressures (P) of the ethylbenzene stripping column and purity of the ionic 

liquid recycle (wIL). Black bars, wIL = 99.7 wt%; dark grey bars, wIL = 99.8 wt%; light grey bars, wIL = 99.9 wt%.  

 

From the sensitivity analysis was also found that the required NTS was hardly dependent 

on the applied vacuum pressure. The total process was modeled for the different IL recycle 

purities and different pressures of the ethylbenzene stripping column. The heat duty 

requirements were calculated from the model results, and are illustrated in Figure 5.12b. 

This figure demonstrates that the heat duty requirements of the total process (24.2–24.6 

MW) are hardly dependent on the applied vacuum pressure of the ethylbenzene stripping 

column and the IL recycle purity. This can also be explained by the fact that 97 % of the 

styrene is already recovered in the evaporator operating at mild conditions. Therefore, the 

ethylbenzene stripping process does not contribute significantly to the total heat duty 

requirements (0.5–1 %), which was observed for the other recovery processes too. The 

heating requirements for the total process are thus also similar compared to the total energy 

requirements for the processes using N2 stripping (section 5.4.5) or evaporation at very low 

pressures (section 5.4.4). 

 

5.4.7. Distillation with NMP/IL and Sulfolane/IL Blend 

The process scheme for the extractive distillation process using distillation as the recovery 

technology is shown in Figure 5-5. The influence of the mass ratio organic solvent/IL on 

the relative volatility of the ethylbenzene/styrene mixture is depicted in Figure 5-13. The 

relative volatility of the ethylbenzene/styrene mixture decreases with increasing organic 

solvent/IL ratio for both co-solvents, which can be explained by the lower selectivity of the 
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organic co-solvents for the ethylbenzene/styrene mixture [12]. NMP has a lower selectivity 

than sulfolane for the ethylbenzene/styrene mixture, which corresponds to literature data 

[21]. An organic solvent/IL mass ratio of 0.1 was selected for both organic solvents to be 

able make a first estimate of the heat duty requirements using distillation as the recovery 

technology. At this mass ratio, the selectivity is almost similar compared to pure [4-

mebupy][BF4].  
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Figure 5-13: Influence of the mass ratio organic solvent/IL on the relative volatility (α) of the 

ethylbenzene/styrene mixture at a pressure of 50 mbar and an ethylbenzene/styrene mass ratio of 4/6.  

(—–), sulfolane ; (– – –), NMP. 

 

First, the feed stages of the solvent blends were determined to keep the solvent 

concentrations in the ethylbenzene top product below 1 ppm. From the process simulations 

in Aspen Plus it was found that for sulfolane and NMP 6 and 8 stages, respectively, need to 

be added to the top of the extractive distillation column. The optimized reflux ratios of the 

extractive distillation column using the sulfolane/IL and NMP/IL blends were 1.55 and 1.7, 

correspondingly, which are both slightly higher compared to using pure [4-mebupy][BF4] 

(R = 1.49). This can be explained by the lower relative volatility of the blends for the 

ethylbenzene/styrene mixture. 

The regeneration column was modeled for an impurity level of the organic solvents in the 

final styrene product of 1ppm. The ethylbenzene impurity level was kept at 100 ppm. The 

results for both blends are illustrated in Figure 5-14. The reflux ratio and thereby the 

reboiler heat duty decreases with increasing NTS. The optimal NTS for the blends 

sulfolane/IL and NMP/IL are 8 and 16, respectively. The reboiler heat duty decreases less 

than 1 % if one extra stage is added, and this was used as the criterion to select the optimal 

NTS. The total process was modeled with these parameters for the regeneration column. 

The required energy for the complete process with distillation as the regeneration 

technology with the blends sulfolane/IL and NMP/IL were 24 MW and 24.95 MW, 

respectively, which are in the same range as the other regeneration technologies.  
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Figure 5-14: Reboiler heat duty (QREB) as function of the number of theoretical stages (NTS) for the regeneration 

column using the solvent blends. a) Sulfolane/ Ionic Liquid blend b) NMP/Ionic Liquid blend.  

 

5.4.8. ScCO2 Extraction 

The proposed extractive distillation process with ScCO2 extraction as the recovery 

technology is shown in Figure 5-6. In this recovery process, a large part (97 %) of the 

styrene is recovered by the evaporator operating at mild conditions. The approach to 

calculate the energy requirements to compress the scCO2 was followed as described in 

section 5.3.3. First, the influence was determined of the organic concentration in the feed 

on the solvent capacity for the single stage extraction experiments using scCO2 performed 

by Blanchard and co-workers [16]. In their manuscript no feed concentration is reported. 

However, this information is required to calculate the solvent capacity from their liquid-

liquid equilibrium data. Therefore, the solvent capacity was calculated for several organic 

feed concentrations, which is shown in Figure 5-15. This figure shows that the distribution 

increases with decreasing amount of organics in the feed. To calculate a best case scenario, 

the calculations were continued with a distribution coefficient of 0.765, calculated at low 

concentration of organic in the feed. It was calculated that a scCO2 flow of 82 kg/sec is 

required to recover the styrene from the IL [4-mebupy][BF4] using the distribution 

coefficient and a mass balance over the scCO2 extraction vessel. The energy requirements 

are 79 MW to compress the CO2 to supercritical conditions [42]. This value is much larger 

compared to the other regeneration technologies, which have heating requirements in the 

range of 23–26 MW including the energy required for the extractive distillation column 

Because the energy requirements for this process are much larger compared to the other 

regeneration processes, it was decided not to calculate the CAPEX for the scCO2 process. 
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Figure 5-15: The calculated solvent capacity (D) for different mass fractions of organics in the feed (worg) from 

the liquid-liquid equilibrium data of the system benzene + [BMIM][PF6] + ScCO2 determined by Blanchard and 

co-workers [16]. 

 

5.4.9. Comparison of Different Regeneration Processes 

The heat duty and refrigeration requirements for the processes using the different 

regeneration technologies are illustrated in Figure 5-16. The heat duties and refrigeration 

requirements were taken for the IL recycle purity of 99.9 wt% for the processes using the 

different regeneration technologies. This IL recycle purity gave the lowest energy 

requirements for all processes using the different regeneration technologies as described in 

the sections 5.4.4 to 5.4.6. From Figure 5-16 can be seen that there are no large differences 

in energy requirements between the different regeneration processes. This can be explained 

by the low energy requirements for the regeneration technologies compared to the energy 

requirements for the total process, which is also explained in the sections 5.4.4 to 5.4.6.  
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Figure 5-16: Heat duty and refrigeration requirements for the regeneration processes. Grey bars, heat duty 

requirements; light grey bars, refrigeration requirements.  

 

The OPEX and CAPEX were calculated for the extractive distillation column and the 

different regeneration processes, which are depicted in Figure 5-17. From Figure 5-17a it 
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can be seen that there are no large differences in OPEX between the different regeneration 

technologies, except for the distillation recovery technology using the sulfolane/IL blend, 

which has a significantly higher OPEX. This much larger OPEX for the sulfolane/IL blend 

compared to the NMP/IL blend for example can be explained by the higher required steam 

pressure, which needs to be used in the regeneration column using the sulfolane/IL blend. 

Medium pressure steam (10 bar) is required for this blend, whereas only low pressure 

stream (3.4 bar) is required for the NMP/IL blend. The differences in the required steam 

pressure can be explained by the higher reboiler temperature for the sulfolane/IL blend 

compared to the NMP/IL blend, which are 165.8 oC and 117 oC, respectively. These 

differences originate from the differences in boiling points of sulfolane (287.3 oC, [51]) and 

NMP (202 oC, [51]). Thereby, the regeneration using sulfolane as a co-solvent also exceeds 

the temperature limit of 130 oC. However, only the reboiler operates at this temperature, in 

which only very small amounts of styrene are present.  
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Figure 5-17a: Operational Expenditures (OPEX) regeneration processes.  

Figure 5-17b: Capital Expenditures (CAPEX) regeneration processes.  

The first and second evaporator in the two stage evaporation recovery process operate at  

11.1 and 2.6 mbar, respectively. The evaporator in the N2 and EB stripping process operates also at 11.1 mbar.  

 

The small differences in OPEX between the other processes can be explained by the low 

contribution of the OPEX of the regeneration technologies to the total OPEX of the process 

(1–3 %). The differences are larger in the CAPEX, which is shown in Figure 5-17b. The 

extractive distillation processes with the recovery technologies N2 stripping and distillation 

with the blend MMP/IL give clearly the highest CAPEX. Distillation with the blend SF/IL 

would require the lowest CAPEX, but this regeneration technology has a much larger 

OPEX compared to the other options. The total annual costs (TAC = OPEX + 0.2CAPEX 

[19]) were calculated  to make the final decision, which recovery technology would be the 

best option. These results are depicted in Figure 5.18 which shows the TAC for evaporation 

using very low pressures (P < 10 mbar) and stripping with ethylbenzene are slightly lower 
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than the other recovery technologies. Therefore, the conclusion can be drawn that these two 

technologies are the most promising options to implement in the extractive distillation 

process for the separation of ethylbenzene from styrene.  
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Figure 5-18: Total Annual Costs (TAC) of the different regeneration processes.  

 

5.5. Conclusions 

Research was performed to find the optimal separation technology to recover styrene 

monomer from the IL [4-mebupy][BF4] to be implemented in the extractive distillation 

process for the separation of ethylbenzene from styrene. An optimal (S/F) ratio of 3.8 on 

mass base and 45 theoretical equilibrium stages were obtained from the optimization of the 

extractive distillation column. The IL recycle should be purified to at least 99.6 wt% to 

recycle this stream to the extractive distillation column. This purity could not be obtained 

using just an evaporator, which operates at mild conditions (T = 130 oC, Tcondenser = 20 oC), 

and thus other regeneration technologies were required. The energy requirements for the 

other regeneration technologies were calculated after optimizing the regeneration processes 

including extractive distillation column. From the OPEX, CAPEX, and TAC analysis, the 

conclusion can be drawn that evaporation using very low pressures (P < 10 mbar) and 

ethylbenzene stripping are the most promising technologies to recover the styrene monomer 

from the IL [4-mebupy][BF4]. 

 

5.6. Nomenclature 

 

D   solvent capacity 

F   feed     kg 

MW   molecular weight    g/mole 

P   pressure     Pa 

Q   heat     MW 
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R   reflux ratio 

S   solvent     kg 

T   temperature    K 

x   mole fraction 

w   weight fraction 

 

Greek symbols 

α   relative volatility   

 

Subscripts 

REB   reboiler 

 

Abbreviations 

CAPEX   capital expenditures 

DIPPR   design institute for physical property data 

EB   ethylbenzene 

IL   ionic liquid 

LLE   liquid–liquid equilibrium 

[4-mebupy][BF4]  4-methyl-N-butylpyridinium tetrafluoroborate 

mta   metric tonnes annually 

MESH   material equilibrium summation heat 

NMP   N-methyl-2-pyrrolidinone 

NRTL   nonrandom two-liquid 

NTS   number of theoretical stages 

OPEX   operational expenditures 

ppm   parts per million 

ScCO2   supercritical carbon dioxide 

SM   styrene monomer 

SF   sulfolane 

TAC   total annual costs 

VLE   vapor–liquid equilibrium 
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Abstract 
In the current styrene production process the distillation of the ethylbenzene/styrene 

mixture to obtain an ethylbenzene impurity level of 100 ppm in styrene accounts for 75–80 

% of the energy requirements. The future target is to reach a level of 1–10 ppm, which will 

increase the energy requirements for the distillation even further. Extractive distillation is a 

well-known technology to separate close-boiling mixtures up to high purities. The objective 

of this study was to investigate whether extractive distillation using ionic liquids (ILs) is a 

promising alternative to obtain high purity styrene. Three ILs were studied: [3-

mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN]. Extractive distillation with 

sulfolane and the current conventional distillation process were used as benchmark 

processes. The IL [4-mebupy][BF4] is expected to outperform the other two ILs with up to 

11.5 % lower energy requirements. The operational expenditures of the [4-mebupy][BF4] 

process are found to be 43.2  % lower than the current distillation process and 5 % lower 

than extractive distillation with sulfolane extractive distillations. However, the capital 

expenditures for the sulfolane process will be about 23 % lower than those for the [4-

mebupy][BF4] process. Finally, the conclusion can be drawn from the total annual costs that 

all studied extractive distillation processes outperform the current distillation process to 

obtain high purity styrene, but that the ILs evaluated will not perform better than sulfolane.  
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6.1. Introduction 

A typical 500.000 metric tonnes annually (mta) styrene production plant [1] contains an 

ethylbenzene/styrene distillation column with about 70 equilibrium stages, which operates 

at a reflux ratio of 7.1 to achieve an ethylbenzene impurity level in the final styrene product 

of 100 ppm [2,3]. This column accounts for 75–80 % of the total energy requirements in the 

current production process [1]. The future target is to reach ethylbenzene impurity levels of 

1–10 ppm. It is anticipated that the energy (and capital) requirements will increase even 

further if distillation is applied to obtain these higher purities. Obviously, an alternative 

technology is desired, which should replace the current distillation. A promising alternative 

is extractive distillation, which is a well-known technology to decrease the operational and 

capital expenditures (OPEX and CAPEX) for the separation of close-boiling mixtures [4-7]. 

Extractive distillation is already applied to produce high purity aromatics [5]. The 

commonly applied solvent sulfolane [6,8] is a promising organic solvent, which can 

increase the relative volatility of the ethylbenzene/styrene mixture up to 2.3 [5,9]. 

Nevertheless, sulfolane has a significant vapor pressure and, therefore, can contaminate the 

final (high purity) styrene product. Ionic liquids (ILs) are often reported as promising 

alternatives for commonly applied organic solvents [10-13], due to their negligible vapor 

pressure [6,13,14]. An IL combines the advantages of a solid salt (high separation ability) 

and liquid solvent (easy operation) [15]. Moreover, ILs are also reported as designer 

solvents due to the many possible cation-anion combinations [12,15] by which high 

chemical and thermal stability [10], and high solvent capacity for aromatic components [16] 

can be achieved. 

We have demonstrated in the IL screening study that several ILs have a higher selectivity 

than sulfolane for the ethylbenzene/styrene mixture (see Chapter 3) [17]. However, most 

(hydrophilic) ILs do not mix over the full composition range with aromatics, due to the low 

IL solubility in aromatics [18]. Therefore, the solvent capacity plays also an important role 

in extractive distillation processes. Liquid–liquid phase splitting should be avoided, because 

it deceases the process efficiency [19,20]. The IL screening study showed a clear trade-off 

between the solvent capacity and selectivity (see Chapter 3). The conceptual design study 

as presented in this chapter was carried out to elucidate whether the use of ILs in extractive 

distillation is beneficial compared to the traditional distillation and the extractive distillation 

using sulfolane. Moreover, the conceptual design study should determine which type of IL 

will be more efficient: an IL with high selectivity and low capacity, an IL with low 

selectivity and high capacity, or an IL with moderate selectivity and capacity. The ILs 3-

methyl-N-butylpyridinium tetracyanoborate ([3-mebupy][B(CN)4]), an IL with a low 

selectivity and high capacity, 4-methyl-N-butylpyridinium tetrafluoroborate ([4-

mebupy][BF4]), an IL with moderate selectivity and capacity, and 1-ethyl-3-

methylimidazolium thiocyanate ([EMIM][SCN]), an IL with high selectivity and low 

capacity, were selected to be studied in more detail. The physical properties, capacities, and 

selectivities of the ILs and the benchmark solvent sulfolane are listed in Table 6-1. 
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Table 6-1: Properties of the selected ionic liquids. 

Ionic liquid [3-mebupy][B(CN)4] [4-mebupy][BF4] [EMIM][SCN] Sulfolane 

 
 

 
 

 

Molecular structure 

B N

N

N

N  

 

 

 

MW [gr/mole] 265.12 237.05 169.25 120.17 

Dstyrene [17] 0.592 0.414 0.229 a 

Dethylbenzene [17] 0.429 0.234 0.105 a 

Sij [17] 1.38 1.774 2.184 1.5–1.6 [9] 

Cp at 343.15 K [J/(gr·K)] 1.640 [21]  1.654 [22] 1.773 [23] 1.583 [24] 

η at 348.15 K [mPa.sec] 7.6 [21] 19.0 [25] 6.5 [26] 3.86 [27] 
a
 Sulfolane is fully miscible with ethylbenzene and styrene. 

 

The conceptual process designs were made for three different ethylbenzene impurity levels: 

100, 10, and 1 ppm. The separation of heavies from sulfolane and the ILs was not taken 

into account in this study. One or two stage evaporation was used, depending on the IL, as 

the IL recovery technology (see Chapter 5). In the process design, first the extractive 

distillation column was optimized to find the optimal number of equilibrium stages (NTS), 

reflux ratio (R), and solvent-to-feed (S/F) ratio. This was followed by investigating the 

effect of different styrene concentrations in the IL recycle on the reboiler heat duty and to 

determine the minimum purity of the IL recycles to avoid the formation of two liquid 

phases in the extractive distillation column. Subsequently, the regeneration technologies 

were modeled, followed by the implementation of a heat integration network to minimize 

heat losses. Finally, the OPEX, CAPEX, and total annual costs (TAC) were calculated for 

the different processes.  

 

6.2. Process Descriptions 

In this section, the process flow diagrams of the distillation process, the extractive 

distillation process using sulfolane, and the extractive distillation processes using ILs are 

presented.  

 

6.2.1. Current Distillation Process 

The process scheme of the current distillation process is shown in Figure 6-1. The 

ethylbenzene/styrene feed together with some heavies [1] is fed to the middle of the 
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ethylbenzene distillation column. Ethylbenzene leaves the column via the top. The bottom 

stream, which contains styrene with some heavies, is fed to the styrene finishing column. In 

this column, the final styrene product is obtained at the top, and the heavies leave the 

column via the bottom. The styrene top product contains still some ethylbenzene impurities 

(currently ~ 100 ppm). 

 

 

Figure 6-1: Process scheme current distillation process. EB = ethylbenzene; SM = styrene. 

 

6.2.2. Extractive Distillation Process using Sulfolane 

The process diagram of the extractive distillation process using sulfolane is illustrated in 

Figure 6-2.  

Extractive

Distillation

Column

Solvent

Recovery

Column

1

EB + SM

SM

EB

Make-up

Sulfolane

Sulfolane

Solvent

Recovery

Column

2

SM

Sulfolane  

Figure 6-2: Process scheme extractive distillation process using sulfolane as a solvent. The first recovery column 

operates at 50 mbar, the second recovery column at 10 mbar. EB = ethylbenzene; SM = styrene. 

 

The ethylbenzene/styrene feed and sulfolane are fed to the middle and a few stages below 

the top of the extractive distillation column, correspondingly. Ethylbenzene leaves the 

extractive distillation column via the top, because sulfolane has less affinity for 

ethylbenzene [9]. Styrene and sulfolane leave the extractive distillation column via the 

bottom and are fed to the solvent recovery section. The solvent recovery section consists of 

two distillation columns. The second recovery column operates at lower pressures (P < 50 

mbar) than the first recovery column (P = 50 mbar) to avoid temperatures higher than 130 
oC in the reboiler [1]. Styrene is obtained at the top of both columns. The regenerated 
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sulfolane is cooled down and recycled to the top of the extractive distillation column. Heat 

integration was performed to minimize the heat losses by adding an extra reboiler at the 

bottom of the extractive distillation column and evaporating a fraction of the 

ethylbenzene/styrene feed. This type of heat integration is commonly applied in extractive 

distillation units [5]. One extra heat exchanger was required to cool down the sulfolane to 

the temperature of the top of the extractive distillation column. The sulfolane make-up 

stream accounts for the small solvent losses at the tops of the distillation columns. 

 

6.2.3. Extractive Distillation Process using Ionic Liquids 

The final process schemes for the extractive distillation processes using the three different 

ILs are illustrated in Figures 6-3a and 6-3b. 

 

  
a) Process scheme with one evaporator as regeneration technology. 

 

 

b) Process scheme with two evaporators as regeneration technology. First evaporator operates at mild conditions 

(T = 130 oC, Tcondenser ≥ 20 oC), the second evaporator at very low vacuum pressures (P < 10 mbar). 

 

Figure 6-3: Process schemes extractive distillation process using ionic liquids 

EB = ethylbenzene; SM = styrene; IL = Ionic Liquid. 

 

The feed and product streams to the extractive distillation column are similar to the process 

with sulfolane. However, the IL can be fed at the top stage due its negligible vapor 

pressure. Therefore, the IL can also be recovered by evaporation instead of distillation in 

the recovery section. The bottom stream from the extractive distillation column is warmed-
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up by a heat exchanger to reach the temperature of the first evaporator. Depending on the 

effectiveness of the first evaporator (T ≤ 130 oC [1], P = 11.1 mbar, see Chapter 5), a 

second evaporator operating at even lower pressures (P < 11.1 mbar) might be necessary, 

which is illustrated in Figure 6-3b. The condenser of the second evaporator uses refrigerant 

to condense the styrene. The recovered IL is recycled to the top of the extractive distillation 

column. Here, heat integration was performed to minimize heat losses as well. 

 

6.3. Process Modeling and Operational and Capital Expenditures 

This section provides the model choice, simulation package, modeling approach, model 

input, and the input for the calculation of the CAPEX and OPEX.  

 

6.3.1. Equilibrium Stage Model 

The various processes were modeled using an equilibrium stage model, which assumes 

physical equilibrium between the vapor and liquid phase [28]. An equilibrium process 

model is sufficient for a first evaluation of the various processes. The equilibrium stage 

model is based on the MESH (Material, Equilibrium, Summation, and Heat balance) 

equations. The simulation package Aspen Plus® was used, which is often applied to model 

(extractive) distillation processes [29-33]. The RadFrac model was used to simulate the 

(extractive) distillation columns. The Boston and Britt algorithm was used to model the 

current distillation column, which is recommended for common two phase distillations 

[30]. The Newton algorithm, which is recommended for highly non ideal systems [30,34], 

was used to model the extractive distillation columns and the solvent recovery column in 

the sulfolane extractive distillation process. The evaporators and the styrene finishing 

column in the current distillation process were modeled with a two-outlet Flash vessel. 

 

6.3.2. Thermodynamics 

The modified Raoult’s law was used to describe the physical equilibrium between the vapor 

and liquid phase [28]. The vapor phase was modeled as an ideal gas, because the processes 

were all modeled at deep vacuum and consisted mainly of ethylbenzene and styrene, which 

are similar components. The pure component vapor pressures of ethylbenzene [9], styrene 

[9], and sulfolane [35] were calculated by the Antoine equation, for which the parameters 

are listed in Table 2-2 from Chapter 2. A vapor pressure of zero was attributed to the three 

ILs, because they have a negligible vapor pressure. 

The non-ideal behavior in the liquid phase was calculated by the NRTL model [28,36]. The 

binary NRTL parameters for the binary systems (ethylbenzene + styrene), (ethylbenzene + 

sulfolane), and (styrene + sulfolane) are shown in Table 2-3 [9]. The NRTL parameters for 

the three ILs and ethylbenzene/styrene are reported in Table 4-4 from Chapter 4.  

The liquid heat capacity is another important physical property in the design of an 

extractive distillation process, because it determines the energy requirements for solvent 
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heating/cooling [7]. The specific heat capacity for the components was calculated by the 

DIPPR (Design Institute for Physical Properties) equation. The parameters for 

ethylbenzene, styrene, and sulfolane were taken from the Aspen Plus databank. The DIPPR 

parameters for the ILs [3-mebupy][B(CN)4] [21], [4-mebupy][BF4] [22], and 

[EMIM][SCN] [23] were taken from the open literature. 

 

6.3.3. Model Input 

 

Feed Conditions, Purity Requirements, and Process Conditions 

The data provided in the patent of Welch [1] were used as input for the model of the current 

distillation process. The ethylbenzene/styrene feed to the distillation and extractive 

distillation processes was 100 metric tonnes/hr, with a styrene concentration of 60 mole% 

[1]. The feed entered the columns in all processes as a saturated liquid. The ethylbenzene 

product obtained at the top of the distillation/extractive distillation columns was set to 98.3 

mole% [1]. The final styrene product was modeled for several ethylbenzene impurity 

levels: 100, 10, and 1 ppm. A mass balance was applied to calculate the top and bottom 

flows of the columns. The temperature at which sulfolane and the three ILs enter the 

extractive distillation column were set to the temperature of the tray at which they are fed. 

The condenser pressures in the distillation/extractive distillation columns were set to 50 

mbar to keep the temperature in the column low, thereby minimizing styrene 

polymerization. The first recovery column in the sulfolane process was modeled at 50 

mbar. A pressure of 10 mbar was used in the second recovery column to keep the reboiler 

temperature below 130 oC The Sulzer structured packing Mellapak 250X was selected as 

internal, because of its low pressure drop. This packing type is often applied in 

ethylbenzene/styrene splitters [1,37]. A thermosyphon reboiler was used in the model, 

which is often applied to distill thermally sensitive components [1,38]. 

 

Current Distillation Process 

The reflux ratio and number of theoretical stages (NTS) both have a strong effect on the 

performance of a distillation column [38,39]. Both were varied to obtain the desired 

ethylbenzene impurity levels of 100, 10, and 1 ppm in the final styrene product. First, the 

reflux ratio was kept constant and the NTS were varied by a design spec in Aspen Plus. 

This was followed by keeping the NTS constant and varying the reflux ratio. The 

ethylbenzene impurity levels in the bottom were set as the target. Finally, the energy 

requirements were calculated for the different scenarios. 

 

Extractive Distillation using Sulfolane 

First, the sulfolane feed stage was set to keep the sulfolane concentration in the 

ethylbenzene top stream below 1 ppm. The organic feed was set manually at the stage 
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where the ethylbenzene/styrene ratio was similar to the ethylbenzene/styrene feed ratio 

(40/60). The extractive distillation column was optimized by varying the S/F ratio, NTS, 

and reflux ratio [6,40]. For each S/F ratio (range 1–5), the NTS was varied from 50–85 with 

a step change of 5, and the minimum required reflux ratio to obtain the desired purity of 

styrene in the bottom stream was calculated by a design spec.  

Subsequently, the bottom stream from the extractive distillation was used as feed stream in 

the optimization of the solvent recovery columns. This was done by varying the NTS in the 

range 8–18 with a step change of 1 and by calculating the required reflux ratio via a design 

spec for both recovery columns. Here, the impurity levels of ethylbenzene and sulfolane in 

the styrene exit stream were set as the target. The sums of these ethylbenzene and sulfolane 

concentrations was set at either 100, 10, or 1 ppm, according to the desired purity. This 

implies that the sulfolane concentration in the final styrene product was almost negligible 

(< 10 ppb) in all cases. The styrene mass fraction in the bottom stream of the first recovery 

column was set at 0.0175 to keep the reboiler temperature below 130 oC. The styrene mass 

fraction in the bottom stream of the second solvent recovery column was set at 0.001, 

because low styrene concentrations in the recycle to the extractive distillation column are 

preferred (see Chapter 5). Finally, the total model was simulated by closing the sulfolane 

recycle and applying a heat integration. For the heat integration, a logarithmic temperature 

difference of 10 K was assumed between the hot and cold stream [41]. 

 

Extractive Distillation using Ionic Liquids 

The same parameters were varied as for the extractive distillation process with sulfolane to 

find the optimized settings. However, due to the miscibility gap between the ILs and the 

ethylbenzene/styrene [17], first the minimum required S/F ratio was determined for the 

three different ILs to avoid multiple liquid phases at any stage in the extractive distillation 

column. Subsequently, the S/F ratio was varied from the determined minimum required S/F 

ratio up to 1.5–2.5 times the minimum required S/F ratio, depending on the IL. The NTS 

were varied in the range 35–70 with a step change of 5. The reflux ratio was calculated by a 

design spec as well, to obtain the desired purity of styrene in the bottom stream.  

After finding the optimal settings for the extractive distillation columns for the three ILs, 

the effect of the styrene concentration in the IL recycle on the extractive distillation was 

examined. This sensitivity analysis was required to find the minimum IL purity, which 

needs to be obtained in the IL regeneration section. The styrene concentration in the IL 

recycle was varied from 0 to 1.5 wt %, depending on the IL. The reflux ratio was varied in 

order to minimize the energy consumption of the process, while still fulfilling the purity 

requirements with respect to the top and bottom products using a design spec. 

Next, the maximum purity that can be obtained with an evaporator using mild conditions (P 

= 11.1 mbar, T = 130 oC, see Chapter 5) was determined. An extra evaporator using very 

low vacuum pressures (P < 10 mbar) was modeled, when the IL purity specification could 
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not be reached by the evaporator using mild conditions. Finally, the whole process was 

modeled by closing the IL recycle and applying a heat integration. 

 

6.3.4. OPEX, CAPEX, and TAC 

The OPEX, CAPEX, and TAC were determined to compare the different processes. The 

OPEX were calculated from the energy requirements provided by the Aspen Plus 

simulations using a running time of 8400 hrs per year [42]. The applied cost factors to 

estimate the OPEX are shown in Table 6-2. The plant location and (possible) solvent purge 

costs were not taken into account. 

 

Table 6-2: Cost factors for the operational expenditures [41,42]. 

Cost factor €/GJ 

Heating  

Steam medium pressure (10–12 bar) 9.95 

Steam low pressure (3,4 bar) 6.22 

Cooling  

Cooling water (> 32 oC) 0.80 

Cooling water (20 oC) 1.73 

Chilled water (7 oC) 12.3 

Ammonia (-34 oC) 24.7 

 

The Aspen Plus Economic Analyzer was applied to calculate the CAPEX. The diameter 

and column heights of the (extractive) distillation columns were calculated in Aspen Plus 

using the Packing Sizing tool [30]. Standard overall heat transfer coefficients [43] were 

used to calculate the areas of the shell-and-tube heat exchangers. A forced circulation and 

falling film evaporator were selected for the first and second evaporator in the IL recovery 

process, correspondingly, which are both often applied for thermally sensitive components 

[38]. The purchase costs of pumps were not taken into account. It was assumed that 

refrigerant, steam, etc. are already available at the plant location. Stainless Steel 316 was 

selected as the material, because ILs are known to be slightly corrosive fluids [44,45]. 

Aromatics and sulfolane were both considered as non-corrosive fluids [46]. Therefore, 

ordinary carbon steel was selected as the material to evaluate the current distillation process 

and the process using sulfolane. The total solvent investment was calculated from the total 

solvent hold-up and the price per kg. The assumption was made that the ILs cost 25 €/kg 

[47,48], but the price was also varied up to 200 €/kg to investigate the contribution of the IL 

price to the total CAPEX. A price of 2.78 €/kg was taken for sulfolane [49]. The TAC were 

calculated by summing up the OPEX and 20 % of the CAPEX [41]. 

 

6.4. Results 

The results from the process models of the different processes are presented in this section. 

First the results for the current distillation process are discussed, followed by the extractive 

distillation process using sulfolane. Next, the results are discussed for the extractive 

distillation processes using the different ILs. Finally, an overview is provided of the 
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different technologies, which is based on the energy requirements, OPEX, CAPEX, and 

TAC.  

 

6.4.1. Distillation 

The process scheme of the current distillation process is shown in Figure 6-1. In order to 

check the reliability of the simulated process, a base case scenario based on the patent by 

Welch [1] was simulated for an ethylbenzene impurity level of 100 ppm. The required 

reflux ratio and NTS were 7.1 and 70, respectively. This corresponds to the data provided 

in the patent by Welch [1]. In Figure 6-4a, the required NTS and reboiler heat duty are 

illustrated as function of the ethylbenzene impurity level at a constant reflux ratio of 7.1. At 

higher purity constraints (10 ppm and 1 ppm, respectively), the required NTS were 81 and 

93, meaning that the NTS increases with decreasing impurity level. This relationship can be 

derived from the Fenske equation [50]. Moreover, Figure 6-4a shows that the reboiler heat 

duty slightly increases with decreasing impurity level. This trend can be explained by the 

higher temperatures in the bottom/reboiler of the distillation column at lower ethylbenzene 

impurity level, because more stages were required and thereby the pressure drop increases 

across the column. Moreover, the distillate rate slightly increases, and thereby the amount 

to evaporate, with decreasing ethylbenzene impurity level, which follows from the mass 

balance.  
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Figure 6-4a: Required number of equilibrium stages (NTS) and reboiler heat duty (QREB) as function of the 

ethylbenzene impurity level using a constant reflux ratio of 7.1. 6-4b: Required reflux ratio (R) and reboiler heat 

duty (QREB) as function of the ethylbenzene impurity level using a constant number of stages of 70. 

 

Figure 6-4b shows the required reflux ratio and reboiler heat duty as function of the 

ethylbenzene impurity level at a constant NTS of 70. The reflux ratio and reboiler heat duty 

both strongly increase with decreasing ethylbenzene impurity level, which is common for 

distillation units [39]. For an ethylbenzene impurity level of 10 and 1, reflux ratios are 

required of 8.7 and 12, respectively.  
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A reboiler heat duty of 6.6 MW was required for the styrene finishing column. The sum of 

the energy requirements presented in Figure 6-4a and the reboiler heat duty of the styrene 

finishing column was used to compare the extractive distillation processes to the current 

distillation process, because varying the NTS to obtain higher styrene purities requires 

lower heat duties than varying the reflux ratio. More stages will require a larger CAPEX. 

However, a higher reflux ratio, and thus keeping NTS constant (see Figure 6-4b), results in 

much higher internal liquid and vapor flows. Thereby, a much larger column diameter is 

required, which also increases the CAPEX.  

 

6.4.2. Extractive Distillation Process using Sulfolane 

 

Extractive Distillation Column 

The results from the optimization of the extractive distillation process for an ethylbenzene 

impurity level of 100 ppm are depicted in Figure 6-5. The trends were similar for impurity 

levels of 10 and 1 ppm, but these were not depicted to keep the figure comprehensive. It 

was required to feed the sulfolane at stage number 8 to keep the sulfolane concentration in 

the ethylbenzene top product below 1 ppm.  
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Figure 6-5a: Reflux ratio (R) of the extractive distillation column using sulfolane as function of S/F ratio and 

number of stages (NTS) for an ethylbenzene impurity level of 100 ppm.  

6-5b: Reboiler heat duty QREB of the extractive distillation column as function of S/F ratio and NTS for an 

ethylbenzene impurity level of 100 ppm. (—), NTS = 50; (– –), NTS = 55; (· · ·), NTS = 60; (–·–), NTS =65; (–··–), 

NTS =70; (—), NTS = 75; (– –), NTS = 80; (· · ·), NTS = 85. 

 

Figure 6-5a shows that the reflux ratio of the extractive distillation column decreases with 

increasing S/F ratio, which is a common trend for extractive distillation columns [40]. The 

relative volatility increases with increasing S/F ratio [9], and thereby the reflux ratio can be 

decreased to obtain the same bottom and top purity. However, the reflux ratio decreases 

stronger at lower S/F ratios with increasing S/F ratio compared to higher S/F ratios, which 

originates from the dependency of the relative volatility on the S/F ratio (see Chapter 2). 
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Figure 6-5b displays the reboiler heat duty of the extractive distillation column, which 

decreases with increasing S/F in the low S/F range. The reboiler heat duty approaches a 

minimum around a S/F of 2.5–3, depending on the NTS. The energy requirements in the 

reboiler are mainly used for evaporation (to obtain a certain boil up rate) and for solvent 

heating [40]. The energy required for evaporation decreases with increasing S/F ratio, 

which is a result from the decrease of the reflux ratio. However, the amount required for 

solvent heating increases linearly with increasing S/F ratio. So, the energy requirements for 

evaporation are dominant at low S/F ratios, but the amount required for solvent heating 

becomes more and more dominant at higher S/F ratios. For example at the S/F ratios of 1 

and 5, the corresponding solvent heating energy requirements are about 3 and 32 % of the 

total energy requirements, respectively.  

Figure 6-5 also illustrates that the reflux ratio and the reboiler heat duty both decrease with 

increasing NTS. However, from Figure 6-5b can be seen that the reboiler heat duty does not 

decrease notably at a certain NTS, because the minimum reflux ratio is approached to 

obtain a certain top and bottom purity. An optimal NTS of 65, 70, and 75 were found for 

the ethylbenzene impurity levels of 100, 10, and 1 ppm, respectively. At these NTS, the 

reboiler heat duty decreases less than 1 % compared to 5 stages less, which was used as the 

criterion to select the optimal NTS. The next step was to model the regeneration column, 

which is explained in the next section.  

 

Regeneration Column 

Varying the S/F ratio in the extractive distillation column affects the requirements for the 

recovery columns as well. Therefore, the regeneration columns were modeled for several 

sulfolane/styrene ratios to investigate whether this ratio has a large effect on the reflux ratio 

and the reboiler heat duty of the solvent recovery columns. The results for these two 

parameters for the first recovery column as function of the S/F ratio of the extractive 

distillation column (i.e. sulfolane/styrene ratio) and NTS of the recovery column are 

displayed in Figure 6-6 for an ethylbenzene impurity level of 100 ppm. The trends for 10 

and 1 ppm and the second recovery column were similar to those for 100 ppm and the first 

recovery column, but are not plotted to keep the figure comprehensive. The reflux ratio, and 

consequently the reboiler heat duty both decrease with increasing NTS, which is typical 

behavior for distillation columns [38,39,41]. Figure 6-6a also displays that the reflux ratio 

increases with increasing sulfolane/styrene ratio (i.e. increasing S/F ratio). The higher 

reflux ratio is required to maintain the amount of sulfolane in the final styrene product 

below 10 ppb. The reflux ratio is hardly dependent on the styrene/sulfolane ratio at high 

NTS (> 11–12) and approaches the minimum reflux ratio. The low reflux ratios (R < 0.2) 

are a result from the large boiling point difference between styrene (Tb = 145 oC [51]) and 

sulfolane (Tb = 287.3 oC [51]). The reboiler heat duty, however, is strongly dependent on 

the sulfolane/styrene ratio, which is illustrated in Figure 6-6b. The reboiler heat duty 
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increases with increasing sulfolane/styrene ratio, because the amount required for solvent 

heating increases linearly with increasing sulfolane/styrene ratio. An optimum NTS of 12, 

13, and 14 were selected for the first sulfolane regeneration column for the ethylbenzene 

impurity levels of 100, 10, and 1 ppm, respectively. An optimum NTS of 8 was selected for 

the second recovery column, independent of the ethylbenzene impurity level. At these NTS, 

the reboiler heat duty decreases less than 1 % compared to 1 stage less, which was used as 

the criterion to select the optimal NTS.  
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Figure 6-6a: Reflux ratio (R) of the first sulfolane regeneration column as function of S/F ratio of the extractive 

distillation column and number of stages (NTS). 6-6b: Reboiler heat duty QREB of the regeneration column of the 

extractive distillation column as function of S/F ratio of the extractive distillation column and NTS.  

(■), S/F = 1; (●), S/F = 2; (▲), S/F = 3; (▼), S/F = 4. 

 

Heat Integration 

The results of the total process model with the different heat integration steps are illustrated 

in Figure 6-7a. The solid lines in Figure 6-7a clearly demonstrate that the S/F ratio has a 

strong effect on the total required reboiler heat duty. The minimum in reboiler heat duty is 

around a S/F ratio of 1.75 for the different impurity levels if no heat integration would be 

performed. Figure 6-7a also shows that the reboiler heat duty increases with decreasing 

ethylbenzene impurity levels, which was also the case for the current distillation process 

(see Section 6.4.1). However, the differences between the three impurity levels are not very 

large, which originates from the larger amount of stages selected for the lower ethylbenzene 

impurity levels. The final conclusion, which can be drawn from Figure 6-7a is that the heat 

integration has a tremendous effect on the total required reboiler heat duty [5], which is 

indicated with the dashed and dotted lines in Figure 6-7a. For example, 95 % of the heat 

required for solvent heating can be recovered by applying heat integration on the reboiler of 

the extractive distillation column and evaporating a part of the organic feed stream at an S/F 

ratio of 3 and an ethylbenzene impurity level of 100 ppm. The OPEX were calculated for 

the total extractive distillation process including the heat integrations for different S/F ratios 

to determine the optimal S/F ratio. These results are displayed in Figure 6-7b for the three 
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different impurity levels. There is a clear minimum in OPEX at a S/F ratio of 2.5–3, 

depending on the required impurity level. Normally, the OPEX are linearly dependent on 

the required heating and cooling duties. However, chilled cooling water is required in the 

condenser of the second recovery column to condense the styrene, which requires more 

OPEX compared to normal cooling water (see Table 6-2). The cooling requirements in this 

condenser increase with increasing S/F ratio, because more styrene needs to be recovered in 

the second recovery column at higher S/F ratios. Hence, a minimum exists in OPEX at a 

S/F ratio of 2.5–3. 
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Figure 6-7a: Total reboiler heat duty (QREB) as function of S/F ratio and ethylbenzene impurity levels. No heat 

integration: (■), 100 ppm; (●), 10 ppm; (▲), 1 ppm, Heat integration on reboiler: (□), 100 ppm; (○), 10 ppm; (�), 

1 ppm]. Heat integration on reboiler + feed [(�), 100 ppm; (�), 10 ppm; (⊳), 1 ppm]. 

6-7b: Operational expenditures (OPEX) of the total extractive distillation process as function of S/F ratio and 

ethylbenzene impurity level. (■), 100 ppm; (●), 10 ppm; (▲), 1 ppm. 

 

6.4.3. Extractive Distillation Processes using Ionic Liquids 

 

Extractive Distillation Columns 

The results for the optimization of the extractive distillation column for the ILs [3-

mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN] are illustrated in the Figures 6-8 

to 6-10,  respectively, for an ethylbenzene impurity level of 100 ppm. The trends for 10 and 

1 ppm were similar, but not included for readability reasons. Where the S/F ratio was not 

constrained by any liquid–liquid miscibility gap in the case of sulfolane, a liquid–liquid 

miscibility gap does exist in all processes using ILs resulting in a certain minimum S/F ratio 

required to maintain a homogeneous liquid phase. The minimum S/F ratios are 1.5, 3.8, and 

8.4 for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN], respectively.  

It can be seen in Figure 6-8a (results for [3-mebupy][B(CN)4]), that for an increasing S/F 

ratio, starting from the minimum S/F ratio of 1.5, the required reflux ratio to satisfy the 

purity constraints reduces. This trend is common, since the relative volatility increases with 

increasing S/F ratio, which was also observed for the sulfolane process. However, because 
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a rather large minimum S/F ratio is required to obtain a homogeneous liquid phase, the 

addition of extra IL does not result in a very strong decrease of the reflux ratio, because 

adding extra IL above the minimum required S/F ratio does not result in a significant 

increase of the relative volatility. From Figures 6-8a and 6-8b, it follows that although the 

reflux ratio decreases with increasing S/F ratio, the required energy in the reboiler 

increases. The increased heat duty with increasing S/F ratio originates from the larger 

amount of energy required for solvent heating with increasing S/F ratio. The optimum S/F 

ratio is thus the minimum ratio to maintain a single homogeneous liquid phase in the 

column.  

 

a) b) 

1.5 2.0 2.5 3.0 3.5 4.0

1.8

2.0

2.2

2.4

2.6

2.8

3.0

 R

S/F ratio [kg IL/kg feed]

[3-mebupy][B(CN)
4
]

1.5 2.0 2.5 3.0 3.5 4.0

16

17

18

19

20

21

22

[3-mebupy][B(CN)
4
]

Q
R

E
B
 [

M
W

]

S/F ratio [kg IL/kg feed]

Figure 6-8a: Reflux ratio (R) of the extractive distillation column as function of S/F ratio and number of stages 

(NTS) for the IL [3-mebupy][B(CN)4]. 6-8b: Reboiler heat duty QREB of the extractive distillation column as 

function of S/F ratio and NTS for the IL [3-mebupy][B(CN)4]. (—), NTS = 40; (– –), NTS = 45; (· · ·), NTS = 50; 

(–·–), NTS = 55; (–··–), NTS = 60; (—), NTS = 65; (– –), NTS = 70. 
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Figure 6-9a: Reflux ratio (R) of the extractive distillation column as function of S/F ratio and number of stages 

(NTS) for the IL [4-mebupy][BF4]. 6-9b: Reboiler heat duty QREB of the extractive distillation column as function 

of S/F ratio and NTS for the IL [4-mebupy][BF4]. (—), NTS = 35; (– –), NTS = 40; (· · ·), NTS = 45; 

(–·–), NTS = 50; (–··–), NTS = 55; (···), NTS = 60. 
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The results for [4-mebupy][BF4] showed comparable trends, and also the absolute amounts 

of energy required in the reboiler are very comparable (see Figure 6-9). However, due to 

the homogeneous liquid phase constraint, more solvent is needed. Even more solvent is 

required in the case of [EMIM][SCN], as displayed in Figure 6-10. Here, the minimum S/F 

ratio is already so high, that there is hardly any effect of the S/F ratio on the required reflux 

ratio visible. Here again, the absolute amount of energy required in the reboiler is 

comparable with the other ILs.   

Then comparing the reflux ratios in the IL based processes with each other, it follows that 

the lowest reflux ratios were required for the IL [EMIM][SCN] and the largest reflux ratios 

for the IL [3-mebuby][B(CN)4]. This result was expected, based on the selectivities of the 

three ILs for the ethylbenzene/styrene mixture (see Table 6-1), which decrease in the order 

of [EMIM][SCN] > [4-mebupy][BF4] > [3-mebupy][B(CN)4]. The reflux ratio is dependent 

on the relative volatility [52], which is subsequently dependent on the solvent selectivity 

[19,53]. The differences in selectivity apparently do not yield large differences in energy 

requirements of the reboiler at the optimized S/F conditions, but do have a significant effect 

on the NTS that is required. 
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Figure 6-10a: Reflux ratio (R) of the extractive distillation column as function of S/F ratio and number of stages 

(NTS) for the IL [EMIM][SCN]. 6-10b: Reboiler heat duty QREB of the extractive distillation column as function 

of S/F ratio and NTS for the IL [EMIM][SCN]. (—), NTS = 20; (– –), NTS = 25; (· · ·), NTS = 30; (–·–), NTS = 

35; (–··–), NTS = 40; (—), NTS = 45; (– –), NTS = 50. 

 

With respect to variation of the NTS, the Figures 6-8 to 6-10 also display that the reflux 

ratio and thereby the reboiler heat duty decrease with increasing NTS. The same trend was 

observed for sulfolane. The optimal selected NTS for the three different ILs and the 

different ethylbenzene impurity levels are illustrated in Figure 6-11a. A lower amount of 

NTS are required for the ILs compared to the current distillation and the sulfolane 

extractive distillation process. Even for the IL [3-mebupy][B(CN)4], which has a lower 

selectivity than sulfolane, less NTS are required compared to sulfolane, because the IL can 

be fed at the top stage of the extractive distillation column. The required NTS for the 
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different ILs decrease in the order of: [3-mebupy][B(CN)4] > [4-mebupy][BF4] > 

[EMIM][SCN]. This trend was also expected based on the selectivities of the three ILs (see 

Table 6-1). Moreover, Figure 6-11a shows that more stages are required for lower 

ethylbenzene impurity levels, which was also observed for the distillation and sulfolane 

extractive distillation process.  
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Figure 6-11a: Required number of stages (NTS) in the extractive distillation operations for the different ionic 

liquids and ethylbenzene impurity levels. Blacks bars, [3-mebupy][B(CN)4]; grey bars, [4-mebupy][BF4]; light 

grey bars, [EMIM][SCN]. 6-11b: Required reboiler heat duty (QREB) for the different ILs and ethylbenzene 

impurity levels. Grey bars, solvent heating; light grey bars, evaporation. 

 

The required reboiler heat duties of the extractive distillation column for the three ILs with 

the optimal selected NTS are displayed in Figure 6-11b. Figure 6-11b shows that the lowest 

amount of energy is required for the IL [4-mebupy][BF4]. However, there is not a large 

difference in required reboiler heat duty between the three ILs. As explained above, the 

reboiler heat duty is dependent on the energy required for evaporation and solvent heating, 

which are related to the required reflux ratios and S/F ratios. These energy requirements for 

solvent heating and evaporation are also displayed in Figure 6-11b. The largest heat duties 

for solvent heating are required for the IL [EMIM][SCN], which can be explained by the 

larger required S/F ratio and its slightly higher specific heat capacity (see Table 6-1) 

compared to the other two ILs. However, [EMIM][SCN] requires the lowest heat duty for 

evaporation, which corresponds to the results for the required reflux ratios for the three ILs. 

[3-mebupy][B(CN)4] requires low amounts of energy for solvent heating, but high amounts 

for evaporation. [4-mebupy][BF4] requires average heat duties for solvent heating and 

evaporation. These results originate directly from the differences in solvent capacity and 

selectivity of the three ILs (see Table 6-1). Finally, the conclusion can be drawn that none 

of the ILs clearly outperforms the other ILs based on the energy requirements of the 

extractive distillation column. However, there is a difference in required NTS, which will 

have an effect on the required CAPEX, which is discussed later on in this chapter. 
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Therefore, it is not possible to already conclude if an IL with a high solvent capacity and 

low selectivity is for example better than an IL with a low solvent capacity and high 

selectivity. Therefore, the regeneration section was also modeled for the three ILs and the 

three different ethylbenzene impurity levels, which is explained in the next section. 

 

Regeneration Column 

First, the influence of different styrene concentrations in the IL recycle on the reflux ratios 

and reboiler heat duties were investigated for the three ILs. The results from this sensitivity 

analysis are illustrated in Figure 6-12. 
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Figure 6-12: Influence of styrene mass concentration (wSM) in the ionic liquid recycle on the reflux ratio (R) and 

reboiler heat duty (QREB) of the extractive distillation. (—), R; (– –), QREB. 
 

Figure 6-12 shows that the reflux ratios (left y-axis) and thereby also reboiler heat duties 

(right y-axis) both increase with increasing styrene concentration in the IL recycle for all 

three ILs. A fraction of the added styrene in the IL recycle evaporates at the top stage, 

where the IL recycle is fed to the extractive distillation column. Therefore, the reflux ratio 

must increase to maintain the same ethylbenzene purity (xEB = 98.3 mole%) at the top of the 
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extractive distillation column. From the sensitivity analysis, the conclusion can be drawn 

that a styrene concentration in the IL recycle higher than 1.4, 0.4, and 0.24 wt% should be 

avoided for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN], 

respectively. When styrene is added via the recycle, a higher reflux ratio is required to 

maintain the top purity of the extractive distillation column. This will decrease the 

IL/organic ratio in the column, and will lead to liquid–liquid phase splitting. This cannot be 

avoided when even more IL is recycled.  The maximum allowable styrene concentrations in 

the IL recycles can be translated to the minimum IL purity, which needs to be at least 98.6, 

99.6, and 99.76 wt% for the ILs [3-mebupy][B(CN)4], [4-mebupy][BF4], and 

[EMIM][SCN], respectively. 

 Subsequently, it was explored if these IL purities can be obtained using an evaporator 

which operates at mild conditions (T = 130 oC, P = 11.1 mbar, see Section 6.3). Using these 

conditions, IL purities of 99.0, 99.5, and 99.7 wt% can be obtained for the ILs [3-

mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN], respectively. It follows that the 

IL purity constraint for the [3-mebupy][B(CN)4] can easily be satisfied with an evaporator 

operating at mild conditions, but not for the other ILs. However, a large part of the styrene 

could already be recovered using an evaporator at mild conditions; 97 % for [4-

mebupy][BF4] and 96 % for [EMIM][SCN]. Hence, a second evaporator at lower pressures 

is required to further purify the ILs [4-mebupy][BF4] and [EMIM][SCN]. Both ILs were 

regenerated to a purity of 99.9 wt%, because previous work on the IL regeneration (Chapter 

5) showed that purifying the IL to a slightly higher purity than the minimum required 

purity, lowers the energy requirements in the reboiler of the extractive distillation. Vacuum 

pressures of 2.64 and 4.43 mbar were required for the ILs [4-mebupy][BF4] and 

[EMIM][SCN], correspondingly.  

 

Heat Integration 

Finally, the total extractive distillation process was modeled for the three ILs by closing the 

IL recycle and applying heat integration. The final process scheme for the IL [3-

mebupy][B(CN)4] is shown in Figure 6-3a. The process diagrams for the ILs [4-

mebupy][BF4] and [EMIM][SCN] are depicted in Figure 6-3b. It was not possible for the 

ILs [4-mebupy][BF4] and [EMIM][SCN] to apply heat integration by evaporating part of 

the organic feed stream. The reflux ratio increases if part of the feed stream is evaporated. 

Thereby, the IL/organic ratio in the top of the column reduces, which causes liquid–liquid 

phase splitting. The total energy requirements are depicted in Figure 6-13 for the different 

ILs. The total energy requirements are a summation of the energies required for solvent 

heating, evaporation, and refrigeration. The latter is required in the processes for the ILs [4-

mebupy][BF4] and [EMIM][SCN] to condense the evaporated styrene in the second 

evaporator.  
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Figure 6-13: Total energy requirements extractive distillation processes for the different ILs and ethylbenzene 

impurity levels. Dark grey bars, solvent heating; grey bars, evaporation; light grey bars, refrigeration.  

 

Figure 6-13 shows that the extractive distillation process with [4-mebupy][BF4] requires the 

lowest heat and cooling duties. However, there are no large differences in energy 

requirements between the extractive distillation processes for the different ILs. Therefore, 

the conclusion can be drawn that it does not make a big difference if an IL is selected with a 

high selectivity and low solvent capacity, or an IL with a low selectivity and a high solvent 

capacity. Figure 6-13 shows also that still considerable energy duties are required for 

solvent heating despite the heat integration for the processes with the ILs [4-mebupy][BF4] 

(19 %) and [EMIM][SCN] (37.4 %). For the IL [3-mebupy][B(CN)4] only 2.4 % of the 

total heat duty is required for solvent heating.  This solvent heating is required in the 

extractive distillation column, which cannot be recovered by applying heat integration on 

the reboiler. Therefore, the energy requirements for solvent heating in Figure 6-13 are also 

almost similar to the energy requirements for solvent heating presented in Figure 6-11b. 

Figure 6-13 also shows that there are no large differences in energy consumption between 

the different ethylbenzene impurity levels, which originates from the larger amount of 

stages selected for the lower ethylbenzene impurity levels. The different IL processes are 

compared to the sulfolane and the conventional distillation processes in the next section. 

 

6.4.4. Overview all Processes 

The total energy requirements and OPEX are presented in Figure 6-14 for all processes. 

From Figure 6-14a, the conclusion can be drawn that all extractive distillation processes 

have lower energy requirements (40–45 %) compared to the current distillation process. 

However, the extractive distillation processes using ILs do not outperform the extractive 

distillation process using sulfolane. Compared to the sulfolane extractive distillation 

processes the ILs [3-mebupy][B(CN)4] and [4-mebupy][BF4] save only ~1 % and ~5 %, 

respectively, on the energy requirements, whereas the IL [EMIM][SCN] has ~5 % higher 
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energy requirements. The IL [4-mebupy][BF4] outperformed the other ILs. The process 

with [4-mebupy][BF4] has 46.5 % and ~10 % lower OPEX compared to the distillation and 

sulfolane extractive distillation process respectively, which is illustrated in Figure 6-14b.  
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Figure 6-14a: Total energy requirements of the different processes for the different ethylbenzene impurity levels. 

6-14b: Operation expenditures (OPEX) of the different processes for the different ethylbenzene impurity levels. 

Black bars, distillation; Dark grey bars, sulfolane; grey bars, [3-mebupy][B(CN)4]; light grey bars, [4-

mebupy][BF4]; white bars, [EMIM][SCN]. 

 

The CAPEX for the different processes are presented in Figure 6-15. The CAPEX are a 

summation of the investment requirements for the (extractive) distillation column, solvent 

recovery unit, heat exchangers, and solvent investment. Figure 6-15 shows that the largest 

investment is required for the (extractive) distillation column for all processes. This column 

is by far the largest equipment in size, and the costs for the structured packing Mellapak 

250X contribute significantly to the total column investment (~ 50 %). The IL processes 

require all a lower CAPEX than the current distillation process, except for the process with 

the IL [3-mebupy][B(CN)4] at an ethylbenzene impurity level of 100 ppm.  However, the 

sulfolane extractive distillation process clearly requires the lowest CAPEX. The large 

difference between the extractive distillation processes using ILs and sulfolane originates 

mainly from the difference in investment for the solvent recovery unit. The solvent 

recovery unit is the second largest contributor to the total CAPEX of the extractive 

distillation processes with the ILs. The forced circulating evaporator (~5.5 M€) and falling 

film evaporator (~0.9 M€) are both relatively expensive. The differences in CAPEX 

between the IL processes are dominated by the different investments for the extractive 

distillation column. The column investments are clearly the lowest for the IL 

[EMIM][SCN], because for this IL the lowest amount of stages (column height) is required 

and the lowest reflux ratio (column diameter). The solvent investment contributes only 3–7 

%, depending on the IL, to the CAPEX of the extractive distillation processes at an IL price 

of 25 €/kg. At an IL price of 200 €/kg, the solvent investment would contribute about 23 % 

to the total investment. 
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Figure 6-15: Capital expenditures (CAPEX) for the different processes and ethylbenzene impurity levels. Dark 

grey bars, (extractive) distillation column; grey bars; solvent recovery unit; light grey bars, heat exchangers; white 

bars, solvent investment. 

 

Finally, the calculated TAC are depicted in Figure 6-16. From this figure, the conclusion 

can be drawn that all extractive distillation processes have lower TAC than the current 

distillation process. However, sulfolane gives slightly lower TAC than the ILs. ILs can thus 

not outperform sulfolane to separate ethylbenzene from styrene by extractive distillation. 
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Figure 6-16: Total annual costs (TAC) for the different processes and ethylbenzene impurity levels. Black bars, 

distillation; Dark grey bars, sulfolane; grey bars, [3-mebupy][B(CN)4]; light grey bars, [4-mebupy][BF4]; white 

bars, [EMIM][SCN]. 

 

6.5. Conclusions 

A conceptual design study was performed to investigate whether extractive distillation 

using ILs is a promising technology to separate the ethylbenzene/styrene mixture up to high 
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styrene purities. Extractive distillation with sulfolane and the current distillation process 

were taken as the benchmark processes. Three ILs were studied: [3-mebupy][B(CN)4], [4-

mebupy][BF4], and [EMIM][SCN]. The IL [4-mebupy][BF4] slightly outperformed the 

other two ILs with up to 11.5 % lower energy requirements. The operational expenditures 

of the [4-mebupy][BF4] process are 43.2  % lower than the current distillation process and 5 

% lower than extractive distillation with sulfolane extractive distillations. However, the 

capital expenditures were about 23 % lower for the sulfolane process compared to the [4-

mebupy][BF4] process. Finally, from the total annual costs, the conclusion can be drawn 

that all extractive distillation processes outperform the current distillation process to obtain 

high purity styrene, but that ILs do not perform better than sulfolane. 

 

6.6. Nomenclature 

 

Cp   specific heat capacity   J/(gr·K) 

D   solvent capacity 

F   feed     kg 

MW   molecular weight    g/mole 

P   pressure     Pa 

Q   heat     MW 

R   reflux ratio 

S   solvent     kg 

Sij   selectivity 

T   temperature    K 

w   weight fraction 

x   mole fraction 

 

Greek symbols 

α   relative volatility 

η   viscosity     Pa·sec  

 

Subscripts 

REB   reboiler 

 

Abbreviations 

CAPEX   capital expenditures 

DIPPR   design institute for physical property data 

EB   ethylbenzene 

[EMIM][SCN]  1-ethyl-3-methylimidazolium thiocyanate 

IL   ionic liquid 

LLE   liquid–liquid equilibrium 
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[3-mebupy][B(CN)4] 3-methyl-N-butylpyridinium tetracyanoborate 

[4-mebupy][BF4]  4-methyl-N-butylpyridinium tetrafluoroborate 

mta   metric tonnes annually 

MESH   material equilibrium summation heat 

NRTL   nonrandom two-liquid 

NTS   number of theoretical stages 

OPEX   operational expenditures 

ppb   parts per billion 

ppm   parts per million 

SM   styrene monomer 

VLE   vapor–liquid equilibrium 
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Abstract 
Monochloroacetic acid (MCA) is produced via the chlorination of acetic acid, in which a 

part is overchlorinated to the undesired dichloroacetic acid (DCA). The separation of DCA 

from MCA by distillation is highly energy intensive, because the relative volatility (α) 

approaches unity. Extractive distillation is a promising technology to separate close boiling 

mixtures. The benchmark extractant sulfolane is known to increase the α of the MCA/DCA 

mixture only slightly. By applying basic complexing agents, the large difference in the acid 

dissociation constant between MCA (pKa = 2.87) and DCA (pKa = 1.25) can be exploited to 

further enhance the α of the MCA/DCA mixture. The aim of this study was to select a 

proper complexing agent. Such a complexing agent should not only enhance the α more 

than obtained with sulfolane, but also be stable in the presence of MCA and DCA, and the 

complexation should be reversible. Many extractants were found that improve the α more 

than sulfolane, with values for α up to 5.9. There is, however, a clear trade-off between the 

effect of the extractant on the α of the MCA/DCA mixture and the regeneration ability of 

the extractant. Complexation agents from the classes of ethers, ketones, and phosphine 

oxides, and the benchmark extractant sulfolane were the only extractants that demonstrated 

to be thermally/chemically stable in the strongly acidic environment. With regard to the α, 

the regeneration ability, and the stability of the extractants, it was concluded that glymes, 

e.g. diethylene glycol dipentyl ether are the most promising extractants, improving the α of 

the MCA/DCA system up to 2.1–2.4. 
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7.1. Introduction 

Monochloroacetic acid (MCA) is used in the manufacturing of carboxymethyl cellulose 

(CMC) and pharmaceuticals [1,2] and is mainly produced via the chlorination of acetic acid 

[1]. An undesired feature of this production process is the chlorination of MCA to 

dichloroacetic acid (DCA). The DCA concentration leaving the chlorinator is typically 5 

wt% [3], and the maximum allowed concentration in the manufacturing of CMC and in 

pharmaceuticals production is 50 ppm. The limit for the DCA concentration in these 

applications is due to the inhibiting effects in the CMC production, and the carcinogenic 

properties [4]. In a typical industrial process (see Figure 7-1a), the concentration of DCA in 

the product stream is reduced by reconverting it into MCA in a hydrogenation process. 

However, because of the high MCA concentration in the chlorinator effluent, the 

hydrogenator also converts some of the MCA back into acetic acid, requiring an additional 

distillation step to separate the acetic acid from MCA. With this production process, a DCA 

impurity level of ~300–1000 ppm can be obtained. Currently, melt crystallization is applied 

as a final polishing step to obtain a DCA impurity level lower than 50 ppm [1]. The 

disadvantage of melt crystallization is the high MCA loss via the mother liquor [5]. Instead 

of feeding the mixture from the chlorination reactor directly to a hydrogenation process, it 

would be much more efficient if first DCA and MCA are separated to avoid conversion of 

MCA into acetic acid and to obtain high purity MCA without using melt crystallization (see 

Figure 7-1b). Additionally, if only DCA is fed to the hydrogenator, the required reactor 

volume can become much smaller. By avoiding a distillation and melt crystallization, and 

reducing the hydrogenator size significantly, a substantial overall process efficiency 

improvement is possible. 
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Figure 7-1a: Current monochloroacetic acid production process [1] 
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Figure 7-1b: Proposed monochloroacetic acid production process. 

 

So, there is a need for an alternative method to separate DCA from MCA. Distillation is 

challenging, because the relative volatility of the MCA/DCA mixture is ~1.05–1.3 [6], 

which is rather low to apply distillation [7]. Liquid–liquid extraction was discarded as a 

suitable separation technology, because entrainment of the extractant will lead to the 

contamination of the final MCA product [8,9]. Extractive distillation seems a promising 

alternative to separate DCA from MCA. It is a well-established technology to separate 

close boiling mixtures [10], even to obtain high purity products [11]. Two patents are 

available that describe the MCA/DCA separation by extractive distillation, in which 

sulfolane [5] and sulfuric acid [12], respectively, are reported as extractants. Sulfolane 

increases the relative volatility of MCA over DCA only slightly. Sulfuric acid switches the 

relative volatility and can enhance the relative volatility of DCA over MCA to values in 

excess of 1. The obtained relative volatility improvements will only result in a small cost 

reduction compared to common fractional distillation [7]. An additional disadvantage is the 

use of sulfuric acid is that traces of sulfuric acid that will end up in the DCA top product 

will lead to enhanced deactivation of the catalyst, which is used in the subsequent 

hydrogenation step for conversion of DCA to MCA. Thus improved extractants are 

required to turn the MCA/DCA separation by extractive distillation into a feasible 

alternative. Preferably, the extractant should enhance the relative volatility to a value above 

2 to obtain a sufficiently significant energy requirement reduction compared to distillation 

[7]. 

An appropriate extractant should exhibit a difference in affinity for MCA and DCA, and 

because MCA is more volatile than DCA [6], a preferential interaction/complexation with 

DCA is preferred. A preferential interaction of the extractant with DCA reduces the 

volatility of DCA over MCA in the liquid phase, and thereby simplifies the separation by 

distillation. An overview of several pure component properties of MCA and DCA is shown 

in Table 7-1. This table shows that there is a large difference in acid dissociation constant 
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(pKa) between MCA (2.87) and DCA (1.25) [13]. The large pKa difference can be exploited 

by applying basic complexing agents, to change the non-ideal behavior of the liquid phase. 

DCA is a stronger acid than MCA, because it has a lower pKa and therefore will form a 

stronger complex with a basic complexing agent. Acid extractions from aqueous solutions 

using basic complexing extractants in organic diluents have extensively been investigated, 

e.g. by King and co-workers [14,15], Prochazka [16], Wasewar [17,18], and Krzyzaniak 

[19]. Based on the difference in the complexation strength due to the difference in acidity, a 

separation of multiple acids is possible in liquid–liquid systems [14,15], but this principle 

may also be applied to vapor–liquid systems. When applied to the MCA/DCA system, 

DCA, which is already the least volatility component, is also stronger bound to the basic 

extractant, and thus even more retained in the liquid phase, hence the relative volatility is 

expected to increase. The use of such extractants, that form complexes with the solutes in a 

distillation column, is also known as reactive extractive distillation [20-23]. 

 

Table 7-1: Properties of monochloroacetic acid (MCA) and dichloroacetic acid (DCA). 

Property MCA DCA Reference 

Mw [g mol-1] 94.5 128.9 [13] 

Tm [oC] 63 13.5 [13] 

Tb [
oC] 189.3 194 [13] 

pKa 2.87 1.25 [13] 

H2O solubility [g/100g H2O] 421 miscible [1] 

µ [Debye] 2.308 1.090 MCA [24], DCA [25] 

ω 0.546 0.555 [24] 

 

Similar to a normal extractive distillation process a reactive extractive distillation process 

typically consists of a complexation and regeneration column [21]. The proper selection of 

the extractant is crucial for the technical feasibility, and the operational and capital 

expenditures [26]. The extractant should give a strong and specific complex in the 

complexation column to have a significant effect on the relative volatility. However, the 

complex between the extractant and the solute should be reversible to regenerate the 

extractant in the regeneration column [27]. The basicity of the extractant strongly 

influences the strength of the complex between the extractant and both acids. The Lewis 

basicity, also called donor number, is a well-known property to determine the basicity of a 

component [28]. Next to the effect on the non-ideal behavior in both columns, a 

complexing agent should not form any side products to avoid irreversible extractant and 

product loss, should be thermally stable, and should have sufficiently fast kinetics in both 

directions [29]. Moreover, the extractant should have a sufficiently high boiling point to 

facilitate easy regeneration [27].  

The objective of this study was to find a basic complexing agent, which fulfills the above 

criteria for the separation of DCA from MCA in a reactive extractive distillation process. In 

total, 15 basic complexing agents were investigated by performing vapor–liquid 
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equilibrium (VLE) experiments, and by determining the chemical and thermal stability. The 

VLE data of the newly tested extractants were compared to the benchmark extractant 

sulfolane, and a qualitative relation between the performance of the extractants and the 

Lewis basicity was proposed. The extractants were selected based on their Lewis basicity 

(see theory of Lewis basicity section). A priori, several extractant classes that solely based 

on their Lewis basicity could be promising, were excluded based on relevant literature, e.g. 

primary and secondary amines, which form irreversible complexes with carboxylic acids 

[21]. Moreover, at high temperatures they can form amides through dehydration of the alkyl 

ammonium carboxylate salt [14]. Tertiary amine oxides [30] were discarded because there 

are only stable up to ~125 oC [31]. Alcohols were also not considered as suitable 

extractants, because alcohols can react with acids to form esters and water [32]. 

The following extractant classes were investigated in this study as promising candidates to 

separate DCA from MCA by extractive distillation: tertiary amines [33,34], trialkyl 

phosphates [35,36], trialkyl phospine oxides [37], ethers [38-40], ketones [41], nitriles 

[42,43], pyridines [44], and amides [45]. All selected extractants have a boiling point 

difference compared to DCA of at least 30 oC to facilitate the extractant recovery. The 

selected extractants are listed in Table 7-2. 

 

7.2. Theory of Lewis Basicity 

The strength of an acid-base complex is determined by the dissociation constant of the acid 

(pKa) [14,46], the Lewis basicity of the extractant [37,39], temperature [47] and the 

concentrations of the components [22,35]. The selected extractants in this work differ in 

Lewis basicity and boiling point. A quantitative measure for the Lewis basicity is the donor 

number [28]. The donor numbers of many Lewis bases have been measured [28]. One of 

the scales used to express the donor number is the boron trifluoride (BF3, a Lewis acid) 

affinity scale. The BF3 affinity scale, collected by Laurence and Gal [28], reports the 

formation enthalpy of a 1:1 complex between BF3 and a Lewis base in a solution of 

dichloromethane (CH2Cl2) for many Lewis bases. For the extractants used in this work, the 

BF3 affinities were in most instances directly taken from Laurence and Gal [28], and in 

some specific cases (e.g. di-n-hexyl ether) the BF3 affinity was estimated from the BF3 

affinities available for other, similar components. The use of similar components is 

possible, since the BF3 affinity is hardly dependent on the alkyl chain length [28]. In this 

specific example, the BF3 affinity for di-n-butyl ether can be used to express the BF3 

affinity of di-n-hexyl ether. The values for the BF3 affinity for the selected extractants used 

in this work are reported in Table 7-2. For the extractants for which no BF3 affinity was 

available or could be derived from other extractants with reasonable resemblance in 

molecular structure, no BF3 affinity is listed.  
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7.3. Materials and Methods 

 

7.3.1. Chemicals 

Acetone (≥99.5 %) was obtained from VWR, acetonitrile (≥99.9 %, HPLC grade), MCA 

(≥99 %), and DCA (≥99 %) from Sigma-Aldrich, and orthophosphoric acid (85 % solution 

in water) from Fluka. The extractants used in this study are listed in Table 7-2 along with 

their supplier, purity, abbreviation, chemical formula, boiling point, and BF3 affinity. The 

purities of the chemicals in weight percentages were provided by the suppliers. All 

chemicals were used without further purification. Ultrapure water was provided by a Milli-

Q Integral Water Purification System (Millipore). 

 

Table 7-2: Overview of extractants used in this study. 

extractant 
chemical 

formula 
abbreviation supplier 

purity 

[%] 

Tb
1 

[oC] 

BF3 

affinity2 

[kJ/mole] 

18-crown-6 C12H24O6 18C6 Aldrich ≥99 4383 n/a 

dibenzylether (C7H7)2O DBE Fluka ≥98 298 n/a 

diethylene glycol di-n-pentylether C14H30O3 DGDP Syncom ≥98 282.33 78.57 

diethyleneglycol di-n-butylether C12H26O3 DGDB Aldrich ≥99 256 78.57 

di-n-hexylether (C6H13)O DHE Aldrich ≥97 226 78.57 

di-n-hexylketone (C6H13)2CO DHK Aldrich ≥97 261 70.70 

diphenylether (C6H5)2O DPE Aldrich >99 258 n/a 

n,n-diethyl-m-toluamide C12H17NO DEET Acros ≥98 16019 101.75 

quinoline C9H7N QN Aldrich ≥98 237.2 128.08 

succinonitrile C4H4N2 SN Fluka >97 266 60.39 

sulfolane C4H8O2S SF Fluka ≥98 287.3 51.32 

tetraethylene glycol dimethyl ether C10H22O5 TGDE Fluka ≥98 275.3 78.57 

tri-n-butylphosphate OP(C4H9O)3 TBP Fluka ≥99 289 84.75 

tri-n-hexylamine N(C6H13)3 THA Aldrich ≥96 261.7 135.87 

tri-n-octylphosphine oxide OP(C8H17)3 TOPO Fluka ≥97 2012 119.28 
1 The boiling points at 760 mmHg of the extractants were taken from ref [13]. The boiling point at reduced 

pressure is listed in some cases. Here the superscript indicates the pressure in mmHg. The boiling points of 

diethylene glycol dipentyl ether and 18-crown-6 were estimated via the Joback group contribution method [48]. 
2 The BF3 affinities of the extractants were taken from ref [28]. 

 

7.3.2. Experimental Apparatus and Procedure of VLE Experiments 

Apparatus. VLE experiments were performed to determine the effect of the different 

extractants on the relative volatility of the MCA/DCA mixture (complexation experiments) 

and to investigate the extractant recovery (regeneration experiments). In this study, an 

ebulliometer (Fischer, model VLE 602D) was used, in which the equilibrium vessel is a 

dynamic recirculating still, equipped with a Cottrell circulation pump. The heating capacity 

and pressure were maintained constant using a control unit (Fischer system M101). The 

vapor condensation rate was kept constant at one drop per second. The condenser was 

operating at 343.2 K to avoid crystallization of MCA, which crystallizes already at 336.2 K 
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[13]. The pressure was maintained constant within a deviation of ± 0.01 kPa, and the 

equilibrium temperature was obtained, using a Pt–100 sensor, with an uncertainty of ± 0.1 

K. Equilibrium was typically achieved in 30–45 minutes, when the equilibrium temperature 

and vapor condensation rate were both constant. Samples of 30 µL were taken from both 

the (condensed) vapor and the liquid phase using a 500 µL syringe. 

 

Procedure Complexation Experiments. Solutions of 100 mL were prepared for the 

complexation experiments, in which the MCA/DCA mole ratio was 4. To study the effect 

of the extractant-to-feed ratio, two extractant/DCA mole ratio’s were applied; 0.5 and 1. 

The complexation experiments were executed at 5, 7.5, and 10 kPa to study the effect of 

pressure/temperature. Vacuum conditions were applied, because MCA and DCA 

decompose at temperatures above 180 oC [49]. The complexation experiments were also 

performed for the benchmark extractant sulfolane. One experiment was performed on 

extractant free basis, to measure the relative volatility for the MCA/DCA mixture without 

the presence of an extractant.  

 

Procedure Regeneration Experiments. Solutions of 100 mL, containing DCA and 

extractant, were prepared for the regeneration experiments. First, mixtures were prepared 

with an extractant/DCA mole ratio of 1 to obtain a first insight in the regeneration ability of 

the extractants. For the extractants for which the regeneration experiment was successful, 

meaning that the relative volatility of those mixtures was above one, regeneration 

experiments were performed for an extractant/DCA mole ratio of 9 as well. This larger 

extractant/DCA mole ratio is expected in the bottom of the regeneration column. The 

regeneration experiments were performed at 5, 7.5, and 10 kPa and also for the benchmark 

extractant sulfolane. 

 

7.3.3. Stability Experiments 

The chemical stability of the extractants at elevated temperatures in presence of DCA was 

investigated by adding DCA and the extractants to 10 mL vials in a 1:1 mole ratio. The 

total amount of DCA and extractant supplied to the vials was 2 mL. The vial containing the 

mixture was stored in an oven (Heraeus Series 6000) at 160 oC for 24 hrs. A sample (1–5 

mg) of the mixture was taken using a glass Pasteur pipette. 

 

7.3.4. Analysis 

HPLC. The samples from the VLE experiments performed for the extractants 18C6, 

DGDB, SN, SF, TGDE, TBP, and THA (see Table 7-2 for abbreviations), were diluted with 

0.75 mL of acetonitrile and 0.75 mL of water. The samples from the VLE experiments done 

with the other extractants (see Table 7-2), were diluted with 1.5 mL of acetonitrile, because 

of the limited water solubility of these extractants. The concentrations of the components 
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were analyzed using High Pressure Liquid Chromatography (HPLC, Varian Prostar). A 

silica-based Grace PrevailTM Organic Acid column (250mm x 4.6 mm) with a particle size 

of 5 µm was used. The temperature of the column was kept constant in an oven (Varian 

Prostar Model 510) at 313.2 K for all measurements. Detection of MCA and DCA was 

done using a UV detector (Varian Prostar model 310) at 210 nm. The concentrations of the 

extractants were calculated by means of a mass balance over the sample. The eluent flow 

was 1 mL/min, and consisted of acetonitrile (5 vol%), and an orthophosphoric acid solution 

(19 g/L) in Milli-Q water (95 vol%) to analyze the samples with the extractants 18C6, 

DGDB, SN, SF, TGDE, TBP, and THA. The eluent consisted of 15 vol% acetonitrile, and 

85 vol% orthophosphoric acid solution to analyze the samples with the other extractants. 

The column was regenerated after each injection with pure acetonitrile. Each sample was 

injected twice. The mole fractions of the components in both phases could be obtained 

within an accuracy of 0.001 in mole fraction. 

 

GC-MS. The samples from the stability experiments were diluted with 1.5 mL of acetone. 

The samples were then analyzed using a gas chromatograph (Shimadzu GC-17A Gas 

Chromatograph) equipped with a flame ionization detector, a mass spectrometer (Shimadzu 

GC MS-QP5000 Detector MS), and a Chrompack VF-1ms column (25 m × 0.4 µm). The 

split ratio was 10, and the injection volume 1 µL. The carrier (helium) flow was 0.8 

mL/min. The column starting and end temperatures were 50 oC and 290 oC, respectively, 

with a heating rate of 10 oC/min. The mass spectrometer was set from 35 g/mole to 400 

g/mole and the interface temperature at 250 oC. 

 

7.4. Results and Discussion  

In this section, the results on the effect of the various extractants on the VLE of the 

MCA/DCA mixture in the complexation experiments, the VLE of the extractant/DCA 

mixtures in the regeneration experiments and the thermal/chemical stability experiments are 

discussed. First the results from the complexation experiments are presented, in which the 

effects of the extractants’ molecular structure, pressure/temperature, and extractant-to-feed 

ratio on the relative volatility of the MCA/DCA mixture are discussed. Moreover, a 

qualitative relation between extractant performance and the Lewis basicity is proposed. 

These results are followed by the results from the regeneration experiments. Here, also the 

effect of the molecular structure of the extractant and pressure/temperature are discussed. 

Finally, the results from the stability experiments are provided. 
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7.4.1. Complexation Experiments 

The complexation experiments were performed as described in section 7.3.2. The results 

from the complexation experiments are listed in Appendix D. The VLE data for the 

extractant quinoline are not reported here, because no VLE could be obtained for this 

extractant, neither for the complexation, nor for the regeneration experiments. After the 

mixtures containing this extractant were supplied to the ebulliometer, the color changed 

very rapidly from colorless to dark brownish and a black solid substance was formed when 

heating. Quinoline is a pyridine-derivative, and pyridines are known for their reactivity in 

nucleophilic substitutions, especially at higher temperatures and in the presence of acids 

they are very reactive [50], which in this example resulted in a chemically instable mixture. 

The relative volatility, as defined in Equation 7-1, was determined at 5, 7.5, and 10 kPa, 

and extractant/DCA mole ratios of 0.5 and 1. A comparison of the relative volatilities at 5 

kPa is depicted in Figure 7-2. 
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Figure 7-2: Experimental relative volatilities (Equation 7-1) of the MCA/DCA mixture in the presence of the 

extractants at 5 kPa, MCA/DCA mole ratio of 4, and extractant/DCA mole ratio’s of 0.5 and 1. Black bars denote 

extractant/DCA mole ratio of 0.5; gray bars denote extractant/DCA mole ratio of 1; the line indicates the relative 

volatility of the extractant free mixture. 

 

Figure 7-2 shows that all extractants increase the relative volatility of the MCA/DCA 

mixture. Moreover, many extractants outperform sulfolane (α ~ 1.5–1.6 at an 

extractant/DCA ratio of 1), except the extractants DPE and SN. The different extractants 

can be divided into three classes based on the results from the complexation experiments at 
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an extractant/DCA mole ratio of 1: strong complexing agents (α ≥ 2.5), moderate 

complexing agents (2.5 ≥ α ≥ 1.8), and weak complexing agents (α ≤ 1.8). 

 

Strong Complexing Agents 

The extractants THA, TOPO, and 18C6 were identified as strong complexing agents (α ≥ 

2.5). From Figure 7-2 the conclusion can be drawn that THA has the largest effect on the 

relative volatility of the MCA/DCA mixture with values up to 5.9. This can be explained by 

the strong basicity of this extractant. Tertiary amines are much stronger bases than alcohols, 

ethers, esters, etc. [50], which is confirmed by the BF3 affinities of the extractants listed in 

Table 7-2 [28]. This behavior is also in accordance with the behavior reported in the open 

literature about LLE extraction of carboxylic acids from water. Tertiary amines form a 

stronger complex with carboxylic acids than extractants like trialkyl phosphine oxides 

(TOPO), and trialkyl phosphates (TBP) [33,36,37]. TOPO was also identified as a strong 

complexing agent, whereas TBP is only a moderate complexing agent. The difference 

between TOPO and TBP is explained by the electron withdrawing behavior of the oxygen 

atoms in the alkoxy groups of TBP, while in TOPO the alkyl chains do not withdraw 

electron density from the phosphoryl functional group (P=O)  [33]. Thus, in TBP the 

oxygen is less available for sharing [50], resulting in a lower basicity. This is also 

confirmed by the Lewis basicities listed in Table 7-2. The crown ether 18C6 is also a strong 

complexing agent. No BF3 affinity is available in the open literature of this component. The 

larger relative volatility of 18C6 over the other ethers can be explained by the amount of 

ether bonds available to accept hydrogen bonds. 18C6 contains six ether bonds, which is 

larger than the moderate complexing extractants TGDE and DGDP for example, which 

contain five and three ether bonds, correspondingly.  

 

Moderate Complexing Agents 

The glymes TGDE, DGDP, and DGDB, the toluamide DEET, the ether DHE, the ketone 

DHK, and the phosphate TBP were identified as moderate complexing agents (2.5 ≥ α ≥ 1.8 

at an extractant/DCA mole ratio of 1). These extractants are less selective than the strong 

complexing agents, which can be explained by the lower Lewis basicities of these moderate 

complexing agents (see Table 7-2). The much lower basicity of the toluamide DEET 

compared to THA results from the electron withdrawing nature of the carbonyl group [45]. 

The lower effect on the relative volatility of TBP compared to DEET can also be explained 

by its lower Lewis basicity (see Table 7-2). Despite the fact that the glymes have a lower 

Lewis basicity than the toluamide and the phosphate extractants, they have a slightly larger 

effect on the relative volatility. This is explained by cooperative hydrogen bonding that is 

possible because of the multiple ether groups in the glymes. TGDE has a stronger effect on 

the relative volatility compared to DGDB and DGDP, because TGDE contains more ether 

groups. Therefore, DHE also gives a lower relative volatility than TDGE and DGDB for 
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example, because DHE contains only one ether group. DGDB and DGDP, which both have 

three ether groups, have a similar effect on the relative volatility. The only difference in 

molecular structure between these two extractants is the end groups of these glymes: DGDP 

contains two pentyl groups and DGDB two butyl groups. The lower relative volatility of 

DHK than DHE can be explained by the electron withdrawing nature of the carbonyl group 

(C=O) [50] which reduces the Lewis basicity (see Table 7-2). 

 

Weak Complexing Agents 

The extractants DBE, DPE, SF, and SN are considered as weak complexing agents, because 

they all give a relative volatility lower than 1.8 at an extractant/DCA ratio of 1 and a 

pressure of 5 kPa (see Figure 7-2). These extractants all have lower Lewis basicities than 

the moderate and strong complexing agents. The lower relative volatility of DBE and DPE 

compared to DHE, originate from the benzyl and the phenyl groups in DBE and DPE, 

respectively. These conjugated systems decrease the basicity of the ether bond [28]. The 

slightly larger relative volatility of DBE compared to DPE is a result from the extra carbon 

between the oxygen atom and the phenyl group in DBE, which lowers the effect of the 

conjugated system on the basicity of the ether group in DBE. Their difference in Lewis 

basicity cannot be confirmed by the BF3 affinity scale, because the values for these two 

ethers are not available. However, their hydrogen-bond basicity (pKBHX) is available for the 

complexation with 4-fluorophenol [28]. A high pKBHX value indicates a large hydrogen-

bond basicity, and a low pKBHX indicates a low hydrogen bond basicity. The pKBHX values 

for the complexation with 4-fluorophenol of DBE and DPE are 0.65 and -0.43 [28], 

respectively, showing that DBE is a stronger base than DPE. The extractants SF and SN 

have the lowest Lewis basicity and therefore also give the lowest relative volatility, which 

is shown in Figure 7-2.  

 

Correlation between Lewis Basicity and the Relative Volatility 

The Lewis basicity of the extractant has a large impact on the relative volatility as described 

above. Therefore, a plot was made in which the natural logarithm of the relative volatility is 

plotted versus the BF3 affinity of the extractant, which is illustrated in Figure 7-3. This 

figure shows that there is a fair qualitative correlation between the BF3 affinity and the 

natural logarithm of the relative volatility. The minor deviations of the individual data 

points from the correlation originate from the different factors that influence the 

complexation, which is not only a function of the BF3 affinity, but also from e.g. the 

temperature. Moreover, the BF3 affinities are measured for a 1:1 complexation reaction 

between the Lewis base and the Lewis acid BF3 [28]. Tertiary amines, however, can form 

also 2:1 complexes with carboxylic acids [51]. This behavior will lead to a larger relative 

volatility than expected only on basis of the BF3 affinity, which is also depicted in Figure 7-
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3. The BF3 affinity of SF is 60.4 kJ/mole. Thus, to outperform sulfolane, an extractant with 

a BF3 affinity of at least 60.4 kJ/mole is required. 
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Figure 7-3: Natural logarithm of the relative volatility (Equation 7-1) of the MCA/DCA mixture in the presence 

of the selected extractants at 5 kPa, an MCA/DCA mole ratio of 4, and an extractant/DCA mole ratio of 1 as 

function of the BF3 affinity of the extractants. 

 

Effect of Extractant-to-Feed Ratio 

The effect of the extractant/DCA mole ratio is depicted in Figure 7-2. The figure 

demonstrates that the relative volatility increases with increasing extractant/DCA mole 

ratio. If more extractant is available, more moles of DCA will form a complex with the 

extractant, and thereby increases the relative volatility of the MCA/DCA mixture. Figure 7-

2 also shows that for the extractants with the strongest effect on the relative volatility, like 

THA, the increase of the extractant/DCA mole ratio has a larger effect on the relative 

volatility because the majority of the added extractant will form a complex with DCA. For 

extractants with a low effect on the relative volatility, and thus having a low complexation 

constant, the effect of a higher extractant concentration will not directly result in a much 

larger relative volatility, because a majority of the extractant will not form a complex with 

DCA.  

 

Effect of Pressure/Temperature on the Complexation Experiments 

The pressure/temperature dependency on the relative volatility (Eq. 1) is depicted in Figure 

7-4 for several extractants. From Figure 7-4 the conclusion can be drawn that the relative 

volatility slightly decreases in the pressure range between 5 and 10 kPa. If the equilibrium 

pressure increases, the equilibrium temperature increases too, which can be explained by 

the Antoine equation [48]. The acid-base complexes formed in the complexation 

experiments are exothermic [36,52,53], leading to a decrease in the complexation 

equilibrium constant at increased temperatures. This behavior is demonstrated for all 
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extractants. In Figure 7-4 is also shown that the relative volatility is more dependent on 

pressure (= temperature) for the extractants that have a large effect on the relative volatility. 

For example, the relative volatility for the extractant THA is more dependent on 

pressure/temperature than the extractant DBE. This behavior can be explained by the 

difference in enthalpy of complexation between the acids and the extractant. If the enthalpy 

of complexation is high, the equilibrium constant will be more dependent on the 

temperature than for low enthalpies of complexation. This relationship can be derived from 

the Van ‘t Hoff equation [28]. 
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Figure 7-4: Effect of pressure on the relative volatility (Equation 7-1) of the MCA/DCA mixture in the presence 

of some extractants at an MCA/DCA mole ratio of 4, and an extractant/DCA mole ratio of 1. Black bars denote 5 

kPa; gray bars denote 7.5 kPa; light gray bars denote 10 kPa. 

 

Overall Results Complexation Experiments 

It is demonstrated that almost all selected extractants can outperform sulfolane based on the 

relative volatility for the separation of DCA from MCA and that there is a fair qualitative 

correlation between the Lewis basicity and the relative volatility. Regeneration ability and 

stability of the extractant are, nevertheless, crucial to obtain a feasible extractive distillation 

process. Therefore, regeneration and stability experiments were performed for all 

extractants. The results of this work are described in the following sections. 

 

7.4.2. Regeneration Experiments 

The regeneration experiments were performed as described in section 7.3.2. All 

experimental results of the regeneration experiments are listed in Appendix D. The relative 

volatility, defined as in Equation 7-2, was determined at 5, 7.5, and 10 kPa, and 

extractant/DCA mole ratios of 1 and 9. The results for these two ratios at 5 kPa are 

illustrated in Figure 7-5. For the regeneration experiments also the classifications strong, 

moderate, and weak complexing agents were used.  
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Figure 7-5: Experimental relative volatilities (Equation 7-2) of the DCA/extractant mixtures at a pressure of 5 

kPa, and extractant/DCA mole ratio’s of 1 and 9. Black bars denote an extractant/DCA mole ratio of 1; gray bars 

denote an extractant/DCA mole ratio of 9. 

 

Strong Complexing Agents 

No VLE could be obtained in the ebulliometer for the extractants THA, TOPO, and 18C6, 

because the complex between these extractants and DCA appeared too strong. Therefore, 

no vapor phase was formed for these extractants in the ebulliometer in contrast to the VLE 

experiments in the complexation experiments where the extractant concentration was much 

lower than in the regeneration experiments. Thereby, still free MCA and DCA was 

available to form a vapor phase in the complexation experiments. Furthermore, MCA forms 

a weaker complex with the extractant, due to its lower acidity than DCA. Very high 

temperatures are required to break the complexes between DCA and the strong complexing 

agents, because of the strength of complexation. The regeneration experiments with THA, 

TOPO, and 18C6 were stopped after reaching a temperature of 250 oC, because this is the 

temperature limit of the ebulliometer. Moreover, the mixture containing the extractant THA 

started to change color rapidly from transparent colourless/pink to dark brownish above 

150–180 oC, which indicated possible degradation of the extractant and/or DCA, which will 

be explained further in the stability experiments results section. The extractants THA, 

TOPO, and 18C6 are not considered as promising extractants to separate DCA from MCA 

by extractive distillation, because they could not be regenerated. 

 

Moderate Complexing Agents 

The regeneration experiments for the moderate complexation agents could be performed for 

DGDP, DGDB, TGDE, DHE, and DHK. The extractants DEET and TBP were found to be 
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unstable in the concentrated DCA environment, which is further discussed in the results 

section about the stability experiments. The extractants DGDP, DGDB, TGDE, and DHE 

gave a relative volatility above unity in the regeneration experiments at an extractant/DCA 

ratio of 1. However, a relative volatility below unity was determined for the extractants 

DGDB, TGDE, and DHE at an extractant/DCA mole ratio of 9. These results indicate that 

these three extractants form an azeotrope with DCA, and can therefore only be purified up 

to the azeotropic composition by distillation. The relative volatility is determined by the 

ratio of the activity coefficients and the pure component vapor pressures of DCA and the 

extractant (Equation 7-2) [27]. The activity coefficient of a component decreases with 

decreasing mole fraction for mixtures in which the components can form hydrogen bonds 

with sufficient strength [22]. Thus, the activity coefficient of DCA will be low at low DCA 

concentrations, because all DCA will be bonded by the extractant. Furthermore, the activity 

coefficient of the extractant will be around unity at low DCA concentration (i.e. high 

extractant concentration) [22]. If the ratio of the pure component vapor pressures between 

the extractant and DCA is smaller than the ratio of the two activity coefficients, an 

azeotrope will form. However, DHE does not form a strong complex with DCA (see Figure 

7-2.), but it has a small boiling point difference with DCA, and therefore forms an 

azeotrope. The boiling point of the extractant has thus also a large effect on the extractant 

recovery, which was also observed from the results for the extractants DGDP and DGDB. 

Since the boiling point of DGDP is higher than DGDB, due to its higher molecular weight, 

it forms no azeotrope with DCA, and therefore can be regenerated by distillation up to 

higher purities. The relative volatilities at an extractant/DCA mole ratio of 9 for the 

extractants DGDP and DGDB are 2.4 and 0.7, respectively.  

 

Weak Complexing Agents 

The weak complexing agents DBE, DPE, and the benchmark extractant SF gave all a 

relative volatility above one for both extractant/DCA ratios (see Figure 7-5) in the 

regeneration experiments and, therefore, can be regenerated by distillation up to high 

purities. The extractants DBE and DPE both give a relative volatility larger than 10. These 

two extractants do not only form a weak complex with DCA (see Figure 7-2), but also have 

a much higher boiling point than DCA (see Table 7-2). The extractant DPE forms such a 

weak complex with DCA that the activity coefficient of DCA increases with decreasing 

DCA concentration, which is typical behavior for systems that do not form complexes [54]. 

Therefore, the relative volatility is higher at an extractant/DCA mole ratio of 9 compared to 

the mole ratio of 1. The extractant SN was found to be unstable in the DCA environment 

and therefore no regeneration experiment could be performed for this extractant. The 

degradation of SN is further explained in the section stability experiments. 
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Effect of Pressure/Temperate on the Regeneration 

The pressure, and thereby the temperature, also has an influence on the recovery of the 

extractants, which is depicted in Figure 7-6. The relative volatility in the regeneration 

experiments increases with increasing pressure/temperature. The complexation between 

DCA and the extractants is exothermic (section 7.4.1.). Thus the complexation strength 

weakens with increasing temperature. Therefore, the activity coefficient of DCA increases 

and thereby also the relative volatility. 

 

DGDP SF DHE
0.5

1.0

1.5

2.0

2.5

3.0

 

α

 
 

Figure 7-6: Effect of pressure on the relative volatility (Equation 7-2) of some DCA/extractant mixtures at an 

extractant/DCA mole ratio of 9. Black bars denote 5 kPa; gray bars denote 7.5 kPa; light gray bars denote 10 kPa. 

 

Overall Results Regeneration Experiments 

The regeneration experiments demonstrate that there is a trade-off between the 

complexation and regeneration experiments. The strong complexing agents gave the largest 

relative volatility for the MCA/DCA mixture in the complexing experiments. However, it 

was not possible to regenerate these extractants, because the complex formed between DCA 

and these extractants was too strong. The opposite behavior was shown for the weak 

complexing agents. The strong complexing agents TOPO and THA have a BF3 affinity of 

119.28 and 135.87 kJ/mole, respectively, which mean that extractants having a BF3 affinity 

in this range are not suitable for the separation of DCA from MCA by extractive 

distillation. The moderate complexing agents combine a significant effect on the relative 

volatility of the MCA/DCA mixture in the complexing experiments with the ability to 

regenerate the extractant. Some moderate complexing extractants form an azeotrope with 

DCA, which allows the extractant to be purified only up to the azeotropic composition. 

From the results of the complexation and regeneration experiments, the conclusion can be 

drawn that an extractant with a BF3 affinity in the range of 65–110 kJ/mole, like most of the 

moderate complexing agents, seems to be a proper extractant. The extractant DGDP is the 

most promising extractant, because it gave a stronger effect on the relative volatility than 

sulfolane in the complexation experiments, and it was possible to regenerate this extractant 

up to high purities, because it did not form an azeotrope with DCA. The thermal/chemical 
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stability of the extractant is crucial to obtain a feasible extractive distillation process. The 

results of the stability experiments are discussed in the next section. 

 

7.4.3. Stability Experiments 

The stability experiments were performed as discussed in section 7.3.3. During the 

regeneration experiments it was observed that several extractants were not stable in the 

presence of the strong acid DCA. The temperature could not be kept constant, which 

implies the formation of degradation products, and the color changed for some mixtures 

from colorless to dark brownish rapidly. The extractants were classified as stable and 

unstable extractants.  

 

Unstable Extractants 

The extractants THA, TBP, DEET, DBE, and SN were found to be unstable in the presence 

of DCA at elevated temperatures and are therefore not considered as promising extractants 

to separate MCA from DCA by extractive distillation. The degradation of THA in DCA 

environment was observed already in the regeneration experiments and was confirmed by 

the GC-MS analysis of the stability experiments. Dichloroacetic acid hexyl ester was 

detected as the main degradation product from the stability experiments with THA. The 

hexyl group was dealkylated from THA and was exchanged with the proton from DCA. 

Several amides were the other degradation products detected by GC-MS. From trialkyl 

amines, it is reported that they can degrade in the presence of acids and a strong acid even 

can catalyze this degradation reaction [55]. DCA is most probably a too strong acid, 

because a much weaker acid like acetic acid (pKa = 4.76) can be easily regenerated from the 

extractant tri-n-butylamine without any degradation [21]. Dealkylation was for TBP also 

the main degradation mechanism. TBP dealkylated very fast during the stability 

experiments, and mainly the products dichloroacetic acid butyl ester and dibutyl phosphoric 

acid were detected by GC-MS. Pure TBP starts to decompose at a temperature of 150 oC or 

higher [56]. But, Higgins and co-workers found that in the presence of an acid, the kinetics 

of decomposition increases even at temperatures below 150 oC [57]. They also found that 

replacing the alkoxy bonds by carbon-to-phosphorus bonds, thus changing from alkyl 

phosphates to alkyl phosphine oxides, the stability increased remarkably to even a larger 

degree than expected [57].  

In the open literature not much is known about the stability of SN, DEET, and DBE in the 

presence of (strong) acidic components. However, in the material safety data sheets of SN 

and DEET is mentioned that they are incompatible with strong acids. The double bond in 

DEET and the triple bond in SN can undergo or catalyze electrophilic addition or 

substitution [50], because the double and triple bond serve as a source of electrons. These 

double and triple bonds make them therefore unstable in an acid environment. The detected 

impurities by GC-MS were mainly amides and methyl benzoic acid for the stability 
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experiment of the extractant DEET. The latter is the starting material to produce DEET 

[58]. Since methyl benzoic acid was detected in a very large amount and hardly any DEET 

was detected, it was assumed that the majority of DEET was degraded to methyl benzoic 

acid. For the extractant SN also a large impurity peak was detected by GC-MS, however, 

no component could be allocated by the MS detector to this peak but several suggestions 

were given, like 4–methyl–1H–imidazole for example. For the extractant DBE, mainly the 

benzyl ester of DCA was detected as impurity. 

  

Stable Extractants 

The ethers, TOPO, SF, and DHK showed stable behavior in the presence of DCA. For 

TOPO no impurities were detected by GC-MS analysis. For trialkyl phosphine oxides is 

reported that they exhibit high thermal and chemical stability [57,59]. For DHK, only very 

small amounts of impurities, mainly dichloroacetic acid tridecylester, were detected and for 

SF no impurity was detected. For the ethers only very small amounts of impurities were 

detected by GC-MS. A typical small impurity detected for all ethers was the DCA ester. 

The butyl ester of DCA was detected in the stability experiment with DGDB for example. 

Thus DCA can cleave off the end alkyl groups of ethers. Ethers are reported as stable 

components in acid environment and cleavage takes commonly only place in the presence 

of really strong acids like HI, HBr, and HCl and at elevated temperatures [50]. Because the 

degradation rate was almost negligible, equilibrium could be obtained in the ebulliometer 

for the regeneration experiments for all ethers. The negligible degradation rate of the ethers 

was confirmed by analyzing also the samples from the VLE experiments by GC-MS, in 

which no impurities were detected. For 18C6 and DPE, no impurities were detected by GC-

MS analysis. From the stability experiments, the conclusion can be drawn that only 

extractants from the classes of the ethers, ketones, and phosphine oxides, and the 

benchmark extractant sulfolane are stable in the presence of DCA at elevated temperatures.  

 

7.5. Conclusions 

An extractant screening study has been performed to investigate whether extractants that 

can form complexes by hydrogen bonds/proton transfer are promising to separate DCA 

from MCA by extractive distillation. VLE and thermal/chemical stability experiments have 

been performed to select a proper extractant and the results from these experiments have 

been compared to the benchmark extractant sulfolane. It has been demonstrated that many 

extractants can outperform sulfolane with relative volatilites of the MCA/DCA mixture up 

to 5.9, whereas sulfolane displays a relative volatility of 1.6. There is, however, a clear 

trade-off between the effect of the extractant on the relative volatility of the MCA/DCA 

mixture in the complexation experiments and the regeneration ability of the extractant. 

Extractants with a high effect on the relative volatility in the complexation experiments are 

difficult to regenerate in the regeneration column. Moreover, only ethers, phosphine oxides, 
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ketones, and the benchmark extractant sulfolane were stable in the strongly acidic 

environment. Glymes, having three ether bonds and a sufficient boiling point difference 

with both chlorinated acetic acids, are the most promising extractants. A detailed process 

evaluation should confirm whether these extractants are indeed promising to separate the 

close boiling acid mixture by extractive distillation and if process intensification can be 

achieved. 

 

7.6. Nomenclature 

 

Mw   molecular weight    g mole-1 

P
o
   pure component vapor pressure  Pa 

pKa   acid dissociation constant 

pKHBX   hydrogen bond basicity constant  

Tb   boiling point    oC 

Tm   melting point    oC 

x   mole fraction in the liquid phase 

y   mole fraction in the vapor phase 

 

Greek symbols 

α   relative volatility 

γ   activity coefficient 

µ   dipole moment    Debye 

ω   acentric factor 

 

Abbreviations 

DCA   dichloroacetic acid 

EXT   extractant 

GC   gas chromatography 

MCA   monochloroacetic acid 

MS   mass spectroscopy 

VLE   vapor–liquid equilibrium 
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Abstract 
In this study, binary and ternary VLE data have been determined at 5, 7.5, and 10 kPa for 

the system monochloracetic acid (MCA) + dichloroacetic acid (DCA) + diethylene glycol 

dipentyl ether (DGDP). The extractant DGDP enhances the relative volatility of the 

MCA/DCA system from 1.2 without extractant up to 4. The non-ideal behavior in the liquid 

and vapor phase were reasonably well correlated with the NRTL and Hayden-O’Connell 

model, respectively. The binary and ternary VLE data were correlated separately to obtain a 

better description of both datasets. 
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8.1. Introduction 

Monochloroacetic acid (MCA) is produced via the chlorination of acetic acid using the 

catalyst acetic anhydride [1]. Part of the produced MCA is chlorinated to the undesired 

dichloroacetic acid (DCA), which is typically present about 5 wt% [2]. In a typical MCA 

process, the concentration of DCA in the product stream is reduced by reconverting it into 

MCA in a hydrogenation process. However, because of the high MCA concentration in the 

chlorinator effluent, the hydrogenator also converts some of the MCA back into acetic acid. 

Subsequently, MCA and acetic acid are separated by distillation [1]. Process intensification 

can be achieved if the produced MCA is separated from DCA directly after the chlorinator, 

and before the stream is fed to the hydrogenator to avoid conversion of MCA into acetic 

acid. The MCA/acetic acid distillation is thus avoided, and the hydrogenator size can be 

reduced substantially. Distillation of MCA/DCA is challenging, because the relative 

volatility of the MCA/DCA mixture is ~1.05–1.3 [3], depending on the mixture 

composition, which is rather low to apply distillation [4]. Extractive distillation is a 

promising alternative, which is a well-established technology to separate close-boiling 

mixtures [5-7]. At present, sulfolane [8] and sulfuric acid [9] are reported as extractants for 

the separation of the MCA/DCA mixture by extractive distillation. However, both 

extractants enhance the relative volatility of the MCA/DCA mixture only slightly resulting 

in only a small cost reduction compared to distillation. We identified in Chapter 7 that by 

applying basic complexing agents, the large difference in acid dissociation constant 

between MCA (pKa = 2.87 [10]) and DCA (pKa = 1.25 [10]) can be exploited to further 

enhance the relative volatility. DCA forms a stronger complex with basic complexing 

agents via hydrogen bonding/proton transfer, because it has a lower pKa than MCA. As a 

result, DCA is more retained in the liquid phase, and the relative volatility increases [11]. 

The application of complexing agents in distillation columns is also often reported as 

reactive extractive distillation or complex extractive distillation [12-15]. From our 

extractant screening study, diethylene glycol dipentyl ether (DGDP, see Figure 8-1) was 

identified as a promising extractant for this specific separation, improving the relative 

volatility of the MCA/DCA system up to 2.1–2.4 at a DCA/extractant mole ratio of 1. It 

was furthermore shown that DGDP can be easily regenerated using distillation, and that the 

extractant is thermally and chemically stable in the strongly acidic environment [11].  

 

 
Figure 8-1: Molecular structures of monochloroacetic acid, dichloroacetic acid,  

and diethylene glycol dipentyl ether. 
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A detailed process design should confirm whether extractive distillation using the extractant 

DGDP is indeed a promising technology to separate the MCA/DCA mixture. Vapor–liquid 

equilibrium data (VLE) are required to setup a conceptual design for the extractive 

distillation process using the extractant DGDP to separate the MCA/DCA mixture. The 

VLE data is currently not available for the system studied here. Therefore, the aim of this 

study is to determine the VLE data for the ternary system MCA + DCA + DGDP at vacuum 

conditions in the pressure range of 5–10 kPa. Vacuum conditions are required, because 

MCA and DCA decompose at elevated temperatures (T > 180 oC) [16]. Moreover, graphite 

reboilers that have an operating range up to 180–200 oC [17,18] are required in the 

extractive distillation process, because MCA and DCA are highly acidic. Commonly, 

binary as well as ternary VLE experiments are performed for ternary systems [15,19,20]. In 

this work, we measured the boiling temperatures of MCA and DCA in the pressure range of 

5–40 kPa, the boiling temperature of the extractant DGDP in the pressure range of 2–25 

kPa, isobaric binary VLE data of the systems MCA + DCA, MCA + DGDP, and DCA + 

DGDP at 5, 7.5, and 10 kPa, and isobaric ternary VLE data of the system MCA + DCA + 

DGDP at 5, 7.5, and 10 kPa. The NRTL and Hayden-O’Connell (HOC) model were used to 

correlate the non-idealities in the vapor (HOC) and liquid phase (NRTL). 

 

8.2. Experimental Section 

 

8.2.1. Materials 

The materials used in the VLE experiments and the quantitative analyses are listed in Table 

8-1. All chemicals were used without further purification. Milli-Q water was provided by 

an Integral Water Purification System (Millipore).  

 

Table 8-1: Materials description. 

Materials Abbreviation Supplier Mass fraction 

purity 

Purification 

method 

Acetonitrile - Sigma-Aldrich ≥ 0.999 None 

Monochloroacetic acid MCA Sigma-Aldrich ≥ 0.990 None 

Dichloroacetic acid DCA Sigma-Aldrich ≥ 0.990 None 

Diethylene glycol dipentyl ether DGDP Syncom ≥ 0.980 None 

Orthophosphoric acid - Fluka ≥ 0.850 None 

 

8.2.2. Experimental Equipment and Procedure 

The VLE experiments were performed with an all-glass ebulliometer (Fischer, model VLE 

602D), which was described in Chapter 7. The condenser temperature was set to 348.2 K to 

avoid crystallization of MCA (Tm = 336.2 K [10]). The equilibrium temperatures and 

pressures could be measured with an accuracy of ± 0.1 K and ± 0.01 kPa, respectively. 

Equilibrium was achieved after approximately 30–45 minutes, depending on the mixture 

composition, and indicated by a constant frequency of droplets (about 1 drop per second) in 

the condenser of the vapor phase. The pure component VLE data of MCA + DCA and 
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DGDP were determined in the pressure range of 5–40 kPa and 2–25 kPa, respectively. The 

binary VLE of the systems MCA + DCA, MCA + DGDP, and DCA + DGDP, and the 

ternary VLE data of the system MCA + DCA + DGDP were determined at 5, 7.5, and 10 

kPa. The ternary VLE were determined at 6 mole based extractant-to-feed (E/F, feed = 

MCA + DCA) ratios in the range of 0.1–1 and three MCA/DCA mole ratios; 0.25, 1, and 4. 

Samples of 30 µL were taken from the (condensed) vapor and liquid phase using a 500 µL 

syringe to determine the equilibrium compositions. 

 

8.2.3. Analysis 

The samples from the binary VLE experiments for the system MCA + DCA were diluted 

with 750 µL of acetonitrile and 750 µL of Milli-Q water. The samples from the other binary 

and ternary VLE experiments were diluted with 1500 µL of acetonitrile. The concentrations 

of MCA and DCA were analyzed using High Pressure Liquid Chromatography (HPLC, 

Varian Prostar). The HPLC was equipped with a silica-based Grace PrevailTM Organic Acid 

column (250 mm x 4.6 mm) with a particle size of 5 µm, which was placed in an oven 

(Varian Prostar Model 510) at a temperature of 313.2 K for all measurements. MCA and 

DCA were detected with an UV detector (Varian Prostar model 310) operating at a 

wavelength of 210 nm. The concentration of DGDP was calculated by a mass balance over 

the sample. The eluent flow was 1 mL/min, which consisted of 5 vol% acetonitrile and 95 

vol% orthophosphoric acid solution in Milli-Q water (19 g H3PO4/L, 0.194 mol/L) for the 

analysis of the samples from the binary VLE experiments of the system MCA + DCA. The 

eluent consisted of 15 vol% acetonitrile and 85 vol% orthophosphoric acid solution for the 

analysis of the samples from the other binary and ternary VLE experiments. Each sample 

was injected twice. After each injection, the analytical column was regenerated with pure 

acetonitrile. The concentrations of the components in the vapor and liquid phases could be 

measured with an accuracy of ± 0.001 in mole fraction.  

 

8.3. Results and Discussion 

 

8.3.1. Pure Component Vapor Pressure 

The pure component vapor pressures of MCA, DCA, and DGDP were all determined using 

an ebulliometer, and are depicted in Figure 8-2. The pure component vapor pressure data of 

MCA and DCA were measured to validate the equipment. The experimental pure 

component vapor pressure data of the three components are listed in Appendix E. The 

extended Antoine equation [21], which is given in Eq. 8-1, was used to describe the pure 

component vapor pressures of MCA and DCA, using the parameters from the Aspen 

Properties® PURE22 databank (see Table 8-3). The Wagner equation (Eq. 8-2) was used to 

describe the pure component vapor pressure data of DGDP, because it was desired to 
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extrapolate the vapor pressures of DGDP to lower temperatures to correlate the binary and 

ternary VLE data, and extrapolation by the Antoine equation is less reliable [21].  
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The critical properties of DGDP, required in the Wagner equation, are listed in Table 8-2.  

 

Table 8-2: Properties of pure components required for the Wagner equation and Hayden-O’Connell model.a 

Property Monochloracetic acid Dichloroacetic acid Diethylene glycol dipentyl ether 

Mw [g mol-1] 94.5 128.9 246.39 

Tb [K] 189.4 194 268.1b 

Tc [K] 686 686.0 719.1c 

Pc [kPa] 5780 5170 1408.4c 

Vc [m
3 kmol-1] 0.221 0.265 .866c 

Zc 0.224 0.240 .204 

ω 0.546 0.555 0.640 

R [Ǻ] 3.157 3.780 6.449d 

µ [Debeye] 2.308 1.090e 1.550f 
  a Values retrieved from Aspen Properties® Pure22 databank unless noted. 
  b Calculated with the Wagner equation (Equation 8-2) and the parameters from Table 8-3. 
  c Estimated by the Gani method [22]. 
  d Derived from the component diethylene glycol dibutyl ether (Aspen Properties® Pure22 databank). 
  e Taken from [23]. f Derived from the component diethylene glycol dimethyl ether [24]. 

 

The obtained Wagner parameters and correlation statistics are given in Table 8-3. Figure 8-

2 shows that the measured and correlated vapor pressures for all components are in good 

agreement, and therefore the experimental method was also validated.  
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Figure 8-2: Pure component vapor pressures. (�), monochloroacetic acid [3]; (), dichloroacetic acid [3];  

(�), diethylene glycol dipentyl ether. Lines refer to correlations with Antoine and Wagner equations  

(Equation 8-1 and 8-2, see  also Table 8-3). 
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Table 8-3: Antoine and Wagner parameters of the pure components. 

Component A B C D E F σPi [kPa]d 

MCAa,b 82.015 10192 0 0 -9.0285 4.5·10-18 0.06 

DCAa,b 78.010 9987.6 0 0 -8.469 3.91·10-18 0.17 

DGDPc 8.8769 -38.762 43.391 -67.3409 0 0 0.03 
  a Extended Antoine equation (Equation 8-1).  

  b Parameters were taken from Aspen Plus® PURE22 databank.   

  c Wagner equation (Equation 8-2). d 

∑ −=σ
n

ip pp)n/(
calexp1

 

 

8.3.2. Binary Systems 

The VLE data for the binary systems MCA + DCA, MCA + DGDP, and DCA + DGDP 

were obtained with the ebulliometer at 5, 7.5, and 10 kPa and are listed Appendix E. The 

experimental temperature composition diagram of the binary system MCA + DCA is 

illustrated in Figure 8-3 and it can be clearly seen that the compositions in the liquid phase 

and in the vapor phase are almost equal, especially in the case of low MCA concentrations.  
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Figure 8-3: Vapor-liquid equilibrium temperature (T) as function of the liquid phase mole fraction (x1) and vapor 

phase mole fraction (y1) for the binary system monochloroacetic acid (1) + dichloroacetic acid (2). (�,�), 5 kPa; 

(�,), 7.5 kPa; (�,�), 10 kPa; experimental data. Lines correspond to NRTL correlations with parameters 

determined from binary VLE data (Table 8-4), solid, 5 kPa; dashed, 7.5 kPa; dotted, 10 kPa . 

 

A widely used parameter in the design of (extractive) distillation units is the relative 

volatility [7], which is commonly defined as: 
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where x and y are the mole fractions of the components in the liquid and vapor phase, 

respectively, γ is the activity coefficient, Po is the pure component vapor pressure, and the 
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subscripts correspond to components 1 and 2. The relative volatility as a function of the 

liquid MCA concentration for the MCA + DCA system is depicted in Figure 8-4.  
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Figure 8-4: Relative volatility (α) as function of the liquid mole fraction (x1) for the binary system 

monochloroacetic acid (1) + dichloroacetic acid (2). (�), 5 kPa; (), 7.5 kPa; (�), 10 kPa; experimental data. 

(―), 5 kPa; (– –), 7.5 kPa; (·····), 10 kPa; NRTL correlations with parameters determined from binary VLE data 

(Table 8-4). 

 

Figure 8-4 shows that the MCA/DCA mole ratio has a strong effect on the relative 

volatility. With decreasing MCA concentration, the relative volatility decreases, 

approaching to unity at low MCA concentrations. With the relative volatility approaching 

unity, it may be concluded that obtaining pure DCA is difficult using distillation. The 

experimental activity coefficients are plotted in Figure 8-5. Liquid phase activity 

coefficients were calculated considering the non-ideality in the vapor phase using the 

Hayden-O’Connell description [4].  
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Figure 8-5: Activity coefficients (γi) as function of the liquid mole fraction (x1) for the binary system 

monochloroacetic acid (1) + dichloroacetic acid (2). (�,�), 5 kPa; (,�), 7.5 kPa; (�,�), 10 kPa; experimental 

data; open symbols, γ1; close symbols, γ2. (―), 5 kPa; (– –), 7.5 kPa; (·····), 10 kPa; NRTL correlations with 

parameters determined from binary VLE data (Table 8-4). 
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It can be seen from Figure 8-5 that the activity coefficients are hardly dependent on 

pressure in the range from 5–10 kPa. The experimental VLE data for the binary system 

MCA + DCA was found to be thermodynamically consistent according to the Herington 

area method. The area deviations were 2.4, 3.9, and 6.4 % for 5, 7.5, and 10 kPa, 

respectively.  

The experimental temperature composition diagrams for the binaries MCA + DGDP and 

DCA + DGDP are illustrated in Figure 8-6 showing that the equilibrium temperatures 

increase with increasing pressure. This trend can be derived from the pure component vapor 

pressure equations. The equilibrium temperatures in the binary DCA + DGDP are 

significantly higher than the equilibrium temperatures in the binary MCA + DGDP. Only a 

small difference in equilibrium temperatures was expected based on the small boiling point 

difference between MCA (189.3 oC at 1 atm [10]) and DCA (194 oC at 1 atm [10]). 

However, due to the large difference in strength of the acid-base interaction between the 

acids and DGDP, the difference in equilibrium temperatures becomes larger. The stronger 

acid-base interaction of DCA with DGDP compared to MCA with DGDP can be explained 

by the lower pKa of DCA. The activity coefficient of DCA in DGDP is thus lower 

compared to the activity coefficient of MCA, and, therefore, higher temperatures are 

required to obtain the same equilibrium pressure.  
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Figure 8-6: Vapor-liquid equilibrium temperature (T) as function of the liquid phase mole fraction (x1) and vapor 

phase mole fraction (y1). 8-6a: monochloroacetic acid (1) + diethylene glycol dipentyl ether (2) 8-6b: 

dichloroacetic acid (1) + diethylene glycol dipentyl ether (2). (�,�), 5 kPa; (�,), 7.5 kPa; (�,�), 10 kPa; 

experimental data. Lines correspond to NRTL correlations with parameters determined from binary VLE data 

(Table 8-4), solid, 5 kPa; dashed, 7.5 kPa; dotted, 10 kPa. 

 

Figure 8-7 shows that the relative volatility in both binaries increases with increasing 

extractant concentration in the liquid phase. This trend is different from the trends that were 

observed in Chapter 2 for example, but is common for systems with strong acid-base 

interactions [15,20]. Starting with dilute acid solutions in the extractant, it is visible that the 
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relative volatility is the lowest for infinite dilutions, and increases initially slightly. This 

observation can be explained by the acid-base complexation, through which the volatility of 

the acids is reduced, because by adding acid to the system, this acid is strongly bound to the 

extractant that is basic in nature. However, with increasing acid content in the liquid phase, 

an increasing amount of free acid is available in the liquid phase, and as a result, the 

relative volatility increases. At the other side of the spectrum, where is only a little amounts 

of extractant and a lot of free acid present in the liquid phase, the situation is completely 

opposite.  There, small amounts of extractant are present, which are mostly in the 

complexed state and not available for evaporation, leading to a reduced extractant activity, 

while for the acid the situation approaches that of the pure acid. The result is that 

approaching pure acid, the relative volatility increases sharply.  
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Figure 8-7: Relative volatility (α) as function of the liquid mole fraction (x1). 8-7a: binary system 

monochloroacetic acid (1) + diethylene glycol dipentyl ether (2) 8-7b: binary system dichloroacetic acid (1) + 

diethylene glycol dipentyl ether (2). (�), 5 kPa; (), 7.5 kPa; (�), 10 kPa; experimental data. (―), 5 kPa; (– –), 

7.5 kPa; (·····), 10 kPa; NRTL correlations with parameters determined from binary VLE data (Table 8-4). 

 
The negative deviations from Raoult’s law (γ < 1) for both the extractant and the acid in the 

dilute concentration range is common behavior for systems in which the components have 

strong acid-base interactions [15,20]. The activity coefficients as function of the liquid 

composition for the binaries MCA + DGDP and DCA + DGDP are displayed in Figure 8-8. 

Figure 8-8 also illustrates that the activity coefficient of DCA in DGDP is much lower than 

the activity coefficient of MCA in DGDP, which originates from the stronger acid-base 

interaction in the DCA/DGDP system compared to the MCA/DGDP system. Figure 8-8 

shows in addition that the activity coefficients of the acids as well as the extractant increase 

with increasing pressure (= temperature). The acid-base interactions between the extractant 

and the acids are exothermic [25-27], leading to a decrease in the complexation equilibrium 

constant (Van ‘t Hoff equation, [28]) at increased temperatures, and thereby the activity 

coefficient increases. The relative volatilities of the binaries (Figure 8-7) are almost 
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independent of temperature, because the activity coefficients of the acids as well as the 

extractant increase with increasing temperature, except at high acid concentrations where 

the relative volatility increases with decreasing pressures. The amount of DGDP in the 

vapor phase at high acid concentrations is very low (yDGDP < 0.003 see Figure 8-6 and 

Appendix E), and therefore a small change in DGDP concentration in the vapor phase 

immediately has a strong effect on the relative volatility. The experimental VLE data for 

the binary systems MCA + DGDP and DCA + DGDP were found to be slightly 

thermodynamically inconsistent according to the Herington area method, which is often 

observed for systems involving carboxylic acids [29,30]. The area deviations were 11.4, 

21.9, and 27.5 % for 5, 7.5, and 10 kPa, respectively, for the binary MCA + DGDP. The 

area deviations for the binary DCA + DGDP were 20.6, 18.7, and 12.8 % for 5, 7.5, and 10 

kPa, respectively. 
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Figure 8-8: Activity coefficients (γi) as function of the liquid mole fraction (x1). 8-8a: monochloroacetic acid (1) + 

diethylene glycol dipentyl ether (2) 8-8b: dichloroacetic acid (1) + diethylene glycol dipentyl ether (2). (�,�), 5 

kPa; (,�), 7.5 kPa; (�,�), 10 kPa; experimental data; open symbols, γ1; close symbols, γ2. (―), 5 kPa; (– –), 

7.5 kPa; (·····), 10 kPa; NRTL correlations with parameters determined from binary VLE data (Table 8-4). 

 

The Gamma-Phi formulation was used to describe the non-ideality in the vapor and liquid 

phases [21], which is expressed as follows: 
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where 
v

iφ̂  is the fugacity coefficient of component i in the vapor phase,
o

iφ̂ is the fugacity 

coefficient at the saturated vapor pressure, and 
L

iV is the saturated liquid molar volume. 

The exponential term in Eq. 8-4 is the Poynting correction factor, which is usually unity for 
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low to atmospheric pressures [21]. However, for mixtures which contain (self-)associating 

molecules, like carboxylic acids, this assumption is not valid [31]. The saturated liquid 

molar volume was calculated by the modified Rackett equation [32]. The vapor phase 

fugacity coefficients were estimated considering non-ideal behavior. Carboxylic acids form 

(homo)dimers in the vapor phase by means of hydrogen bonds between two molecules [33-

35]. The dimerization of acids in the vapor phase is often described by the Hayden-

O’Connell (HOC) equation [31,34,36]. The chemical bonding term in the HOC model 

depends strongly on the association parameter, which was set to a value of 4.5 for the acid 

dimerization [3,31,34,36-39]. Ethers, like DGDP, do not form homodimers and do also not 

form heterodimers with carboxylic acids in the vapor phase [29]. Therefore, the association 

parameters in the HOC-model for the ether dimerization and the ether/acid association were 

set to zero [29]. The non-ideality in the liquid phase was correlated using the NRTL model. 

The NRTL model is able to describe binary as well as ternary VLE data [19,21] and can 

easily be applied in simulation software like Aspen Plus to design an extractive distillation 

unit. The NRTL model is an activity coefficient model that has already been applied to 

systems in which chemical interactions occur [15,20,29]. The activity coefficients in the 

NRTL model are defined as: 
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Where the following parameters are used: 

 

jiαα),τα(G,
T
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The parameters aij, bij, and αij characterize the interaction between the molecules i and j and 

were all obtained by a regression of the binary VLE data, which is a common procedure for 

mixtures containing carboxylic acids [29,30]. The activity coefficient method was applied 

as the objective function, which is common for systems involving carboxylic acids 

[36,40,41]. The absolute average deviations in vapor mole fraction and temperature were 

calculated to determine if the experimental binary VLE data can be well correlated with the 

NRTL-HOC model. The obtained NRTL parameters and correlation statistics are shown in 

Tables 8-4 and 8-5, correspondingly. Figures 8-3 to 8-8 and Table 8-5 show that the binary 

VLE data can be fitted satisfactory with the NRTL-HOC model. The temperature 

deviations between the NRTL-HOC model and experimental data for the binaries MCA + 

DGDP and DCA + DGDP mainly originate from the deviation in correlation of the activity 
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coefficient of DGDP (see Figure 8-8). Although the NRTL model can reasonably well 

describe the VLE data, it should be noted that the obtained interaction parameters tabulated 

in Table 8-5 do not provide any information about the mechanism of the acid-base 

interactions between MCA/DCA and DGDP. Harris and Prausnitz developed a model that 

takes also the chemical interaction between a solute and a extractant into account [42]. 

However, this model requires much more experimental data to fit the parameters [42] and 

cannot be easily applied in software simulation packages like Aspen Plus and Hysys.  

 

8.3.3. Ternary System 

The VLE data for the ternary system MCA + DCA + DGDP were obtained at 5, 7.5, and 10 

kPa for several E/F ratios in the range of 0.1–1 and three MCA/DCA mole ratios; 0.25, 1, 

4. The obtained VLE data are tabulated in Appendix E. The relative volatility of the 

MCA/DCA system in the presence of DGDP as function of E/F ratio and MCA/DCA mole 

ratio at a pressure of 5 kPa is depicted in Figure 8-9.  
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Figure 8-9: Relative volatility (α) of the monochloroacetic acid (MCA) + dichloroacetic acid (DCA) system in the 

presence of the extractant diethylene glycol dipentyl ether as function the molar extractant-to-feed (E/F) ratio and 

MCA/DCA mole ratio at 5 kPa. (�), MCA/DCA = 4; (), MCA/DCA = 1; (�), MCA/DCA = 0.25; experimental 

data. (―), MCA/DCA = 4; (– –), MCA/DCA = 1; (·····), MCA/DCA = 0.25; NRTL correlations with parameters 

determined from ternary VLE data (Table 8-4). 

 
Figure 8-9 shows that the relative volatility of the MCA/DCA system largely increases with 

the addition of the extractant DGDP with values up to 4. The relative volatility strongly 

increases at low E/F ratios and reaches a maximum at an E/F ratio around 1.2–1.5. The 

increase in relative volatility with increasing E/F ratio is a common behavior in ternary 

systems [7,43,44]. If more DGDP is added to the system, more moles of DCA will form a 

complex with DGDP, and thereby the relative volatility of the MCA/DCA system 

increases. Figure 8-9 also illustrates that the relative volatility slightly increases with 

increasing MCA/DCA ratio. This behavior originates from the difference in strength of the 

acid-base complex. DCA forms a stronger complex with DGDP compared to MCA with 
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DGDP as described in the introduction. Therefore, the DCA activity coefficient is stronger 

dependent on its liquid phase concentration than MCA, and thereby the ratio of the activity 

coefficients of MCA and DCA increases with increasing MCA/DCA ratio. However, the 

relative difference in relative volatility is higher at low S/F ratios compared to high S/F 

ratios, because at low S/F ratios there is not enough DGDP available to complex all DCA 

present in the feed at low MCA/DCA ratios. Moreover, the interaction of MCA with DCA 

also still influences the non-ideal behavior in the liquid phase at low S/F ratios. The relative 

volatility dependency of the MCA/DCA system on the pressure is shown in Figure 8-10. 

The relative volatility decreases with increasing pressure (= temperature), because the 

enthalpy of complexation for the system DCA/DGDP is stronger dependent on the 

temperature than for the system MCA/DGDP (Van ‘t Hoff equation, [28]), which also 

originates from the lower pKa of DCA. This effect becomes stronger with increasing S/F 

ratio, because more DCA and MCA are complexed by DGDP at higher S/F ratios, and 

mainly this interaction is temperature dependent. At low S/F ratios, still free MCA and 

DCA are available. Therefore, at low S/F ratios the MCA/DCA interaction is the 

dominating phenomenon, which is hardly temperature dependent [3].  
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Figure 8-10: Relative volatility (α) of the monochloroacetic acid (MCA) + dichloroacetic acid (DCA) system in 

the presence of the extractant diethylene glycol dipentyl ether as function the molar extractant-to-feed (E/F) ratio 

and pressure at an MCA/DCA ratio of 1. (�), 5kPa; (), 7.5 kPa; (�), 10 kPa; experimental data. (―), 5 kPa; (– 

–), 7.5 kPa; (·····), 10 kPa; NRTL correlations with parameters determined from ternary VLE data (Table 8-4). 

 

The ternary VLE data were also correlated with the NRTL-HOC model. It appeared 

difficult to calculate the ternary VLE data with NRTL parameters determined solely from 

the binary systems for systems in which chemical interaction occurs, especially for systems 

in which the boiling point differences between the solutes and extractant is also very large 

[45,46]. Therefore, a new regression was performed to determine the improved interaction 

parameters to describe the ternary VLE data. The NRTL parameters between MCA/DGDP 

and DCA/DGDP were kept variable in the regression. The parameters for the binary system 

MCA/DCA were taken the regression of the binary VLE data. The binary interaction 
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parameters determined from the ternary VLE data and the correlation statistics are 

presented in Tables 8-4 and 8-5, correspondingly. From Figures 8-9 and 8-10 and the 

correlation statistics, the conclusion can be drawn that the NRTL-HOC model provides a 

proper description of the ternary VLE data.  

 

Table 8-4: Binary NRTL interaction parameters for the system monochloroacetic acid (MCA) 

+ dichloroacetic acid (DCA) + diethylene glycol dipentyl ether (DGDP). 

System a12 a21 b12 [K] b21 [K] α12 

From solely binary VLE data 

MCA (1) + DCA (2) 0.116 -0.455 -37.60 263.49 0.3 

MCA (1) + DGDP (2) 2.101 -0.743 -1082.38 255.10 0.614 

DCA (1) + DGDP (2) 0.412 -5.348 755.71 1349.0 0.473 

From solely ternary VLE data 

MCA (1) + DGDP (2) 1.092 14.944 -900.29 -6283.27 0.628 

DCA (1) + DGDP (2) 8.927 -0.486 -4216.13 -371.34 0.877 

 

Table 8-5: Absolute average deviations in vapor mole fraction and temperature for the correlation of the binary 

and ternary VLE data of the system monochloroacetic acid (MCA) + dichloroacetic acid (DCA) + diethylene 

glycol dipentyl ether (DGDP) by the NRTL model. 

System σy1
a σy2

a σT
b [K] 

MCA (1) + DGDP (2) 0.026 - 1.07 

DCA (1) + DGDP (2) 0.033 - 1.66 

MCA (1) + DCA (2) + DGDP (3) 0.022 0.015 1.12 
   a Average absolute deviation in vapor mole fraction: ∑ −=σ

n

iy yy)n/(
calexp1 .  

   b Average absolute deviation in pressure: ∑ −=σ
n

iT TT)n/(
calexp

1 . 

 

8.4. Conclusions 

In this work, binary and ternary VLE data have been determined at 5, 7.5, and 10 kPa for 

the system MCA + DCA + DGDP. It was found that the extractant DGDP can enhance the 

relative volatility of the MCA/DCA system from 1.2 without extractant up to 4. The NRTL-

HOC model was used to describe the experimental VLE data. The binary and ternary VLE 

data were regressed separately and the NRTL-HOC model was able to describe these data 

with reasonable accuracy. Although the NRTL-HOC model can reasonably well describe 

the VLE data, the obtained NRTL parameters do not give any information about the 

mechanism of the acid-base interactions.  

 

8.5. Nomenclature 

a   binary interaction parameter 

b   binary interaction parameter  K 

A,B,C,D,E,F  Antoine and Wagner parameters 

E   extractant 

F   feed 

G   coefficient as defined in Equation (8-6) 

Mw   molecular weight    g mol-1 
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n   number of data points 

N   number of components 

P   pressure     Pa 

Pc   critical pressure    Pa 

P
o
   pure component vapor pressure  Pa 

Pr   reduced pressure 

pKa   dissociation constant 

r   radius of gyration    Ǻ 

R   gas constant    J mol-1 K-1 

T   temperature    K 

Tb   boiling point    K 

Tr   reduced temperature 

Tc   critical temperature   K 

Tm   melting point    K 

V
L
   saturated liquid molar volume  m3 mol-1 

Vc   critical volume    m3 mol-1 

x   mole fraction in the liquid phase 

y   mole fraction in the vapor phase 

Zc   critical compressibility factor  

 

Greek 

α   relative volatility 

αij   nonrandomness constant 

τ   coefficient as defined in Equation (8-6)  

µ   dipole moment    Debye 

ω   acentric factor 

γ   activity coefficicient 
v

φ̂    fugacity coefficient vapor phase 

o
φ̂    fugacity coefficient at saturated vapor phase 

 

Super/subscripts 

cal   calculated 

exp   experimental 

i   component i 

j   component j  

k   component k 

 

Abbreviations 

DCA   dichloroacetic acid 

DGDP   diethylene glycol dipentyl ether 
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HOC   Hayden-O’Connell 

HPLC   high pressure liquid chromatography 

MCA   monochloroacetic acid 

NRTL   nonrandom two-liquid 

UV   ultraviolet 

VLE   vapor–liquid equilibrium 
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Conceptual Design of  

an Extractive Distillation Process for 

Monochloroacetic Acid/Dichloroacetic Acid 

Separation 
 

 

 

 

 

Abstract 
In the current monochloroacetic acid (MCA) production process, the separation process of 

MCA from dichloroacetic acid (DCA) is very capital and energy intensive, because the 

undesired DCA is converted to MCA in a hydrogenation process followed by a distillation 

and crystallization to obtain high purity MCA. The traditional distillation of MCA and 

DCA is challenging due to the low relative volatility of ~1.05–1.3 of the MCA/DCA 

mixture. Extractive distillation is generally recognized as a hybrid separation technology 

that may be used to separate close-boiling mixtures up to high purities energy effectively. 

However, adding an extractant requires a new process concept, including an extractant 

regeneration unit. Therefore, the aim of this study was to make a conceptual design of an 

extractive distillation process to separate MCA up to high purities from DCA (wDCA < 50 

ppm) using the previously selected extractant diethylene glycol dipentyl ether. For a 70.000 

mta MCA plant, the total annual costs for such a process were estimated to be 1.6 M€ per 

year. Thus, the added production costs are 23 €/tonne MCA product, which is rather low 

compared to the current (high purity) MCA price of 1500 €/tonne. Therefore, the 

conclusion can be drawn that extractive distillation is a promising technology to obtain high 

purity MCA.  
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9.1. Introduction 

Monochloroacetic acid (MCA) is manufactured via the chlorination of acetic acid, and is 

mainly used in the production of carboxymethyl cellulose (CMC, used as thickener and 

emulsion stabilizer) and pharmaceuticals [1,2]. In the chlorinator, part of the MCA is 

chlorinated to the undesired dichloroacetic acid (DCA), which is typically present for about 

5 wt% [3]. To fabricate CMC and pharmaceuticals, the upper DCA concentration limit in 

MCA is 50 ppm, a level that is difficult to obtain with the current production process [1]. 

Therefore, a producer can secure their supply by producing high purity MCA. Currently, an 

energy and capital intensive hydrogenation process is applied to convert the undesired DCA 

to MCA [1]. However, during this conversion, also part of the MCA is converted to acetic 

acid. Subsequently, distillation is applied to separate acetic acid from the final MCA 

product, which still contains about 300 ppm of DCA. Melt crystallization is currently 

applied to further purify the MCA to obtain the high purity MCA [1]. Process 

intensification can be achieved if the produced MCA is separated from DCA up to high 

purities directly after the chlorinator. The acetic acid/MCA distillation and crystallization 

process can be avoided, and the hydrogenator size can be reduced substantially. 

Distillation of the MCA/DCA mixture is challenging, because of the low relative volatility 

of ~1.05–1.3 [4]. Extractive distillation was recognized as a promising alternative, which is 

a well-established technology to separate close-boiling mixtures [5,6]. We identified in our 

extractant screening study that exploiting the large difference in acid dissociation constant 

between MCA (pKa = 2.87 [7]) and DCA (pKa = 1.25 [7]) by applying basic extractants is a 

very effective method to enhance the relative volatility of the MCA/DCA system [8]. DCA 

forms a stronger complex with the base via hydrogen bonding/proton transfer, because it 

has a lower pKa than MCA [9], and is therefore more retained in the liquid phase. From our 

extractant screening study, diethylene glycol dipentyl ether (DGDP) was identified as the 

most promising extractive agent, which improves the relative volatility to values up to 4 

[10] and clearly outperforms other extractants commonly used in extractive distillation, like 

sulfolane [11]. Moreover, DGDP could easily be regenerated and is thermally and 

chemically stable in the strong acid environment [8]. However, the extra energy required 

for the regeneration of the extractant should be balanced against the savings in the primary 

separation.  

A process design should confirm whether extractive distillation using the extractant DGDP 

is indeed a promising technology. Therefore, the aim of this chapter was to setup a 

conceptual design for the extractive distillation process to separate MCA up to high purities 

from DCA for a typical 70,000 metric tonnes annually (mta) production plant [12]. First, 

the extractive distillation column was optimized to determine the optimal number of 

equilibrium stages (NTS), reflux ratio (R), and extractant-to-feed (E/F = mass 

extractant/mass feed) ratio. The term extractant-to-feed ratio was used in this chapter 

contrary to solvent-to-feed ratio in Chapters 2-6, because components that form complexes 

with the solutes are often called extractants [13,14]. This was followed by an analysis of the 
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effect of the DGDP recycle purity on the primary separation, finding the operational 

boundaries with respect to the minimum recycle purity, and optimized settings for the 

regeneration column, and applying heat integration to minimize heat losses. Finally, the 

operational and capital expenditures (OPEX and CAPEX), and total annual costs (TAC) 

were calculated for the extractive distillation process. Unfortunately, the extractive 

distillation process cannot be compared to the current hydrogenation process, because no 

data is available about this process in the open literature. Therefore, the added production 

costs per tonne of MCA product were calculated and compared to the current high purity 

MCA market price of 1500 €/tonne [15] to determine whether extractive distillation is a 

promising technology. 

 

9.2. Process Description 

The process diagram of the extractive distillation process is illustrated in Figure 9-1.  

 

 
 

Figure 9-1: Process scheme extractive distillation process for MCA/DCA separation using DGDP as extractant. 

The extractive distillation column operates at 30 mbar, the recovery column at 15 mbar. MCA, monochloroacetic 

acid; DCA, dichloroacetic acid; DGDP, diethylene glycol dipentyl ether. 

 

The MCA/DCA mixture and DGDP are fed to the middle and a few stages below the top of 

the extractive distillation column, respectively. MCA leaves the extractive distillation 

column via the top, because DGDP forms a weaker complex with MCA than DCA [8]. 

DCA and DGDP leave the column via the bottom and are fed to the extractant recovery 

column. Because the relative volatility of the DCA/DGDP system is very high (> 10) at 

high DCA/DGDP mole ratios, and relatively low (≈ 2) at low DCA/DGDP ratios [10], the 

feed to the extractant recovery column is fed somewhere between the top and middle of the 

extractant recovery column, where DCA leaves the column over the top, and the 

regenerated DGDP via the bottom. The regenerated DGDP is cooled down and recycled to 

the top of the extractive distillation column. Heat integration was performed by evaporating 

part of the MCA/DCA feed to minimize heat losses, which is common for extractive 

distillation units [5]. Heat integration is also performed often on the reboiler of the 

extractive distillation column [5]. However, that was not possible for this process, because 
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the temperature of the reboiler in the regeneration column was similar to the reboiler 

temperature of the extractive distillation column. The DGDP make-up stream accounts for 

the small extractant losses at the tops of both columns. 

 

9.3. Process Modeling and Operational and Capital Expenditures 

This paragraph describes the model choice, simulation package, modeling approach, model 

input, and input to calculate the OPEX and CAPEX. 

 

9.3.1. Equilibrium Stage Model 

An equilibrium stage model was used to model the extractive distillation process (see 

Chapter 6.3.1). The RadFrac model was used in Aspen Plus® to simulate both distillation 

columns [16,17]. The Newton algorithm was applied, which is recommended for highly 

non-ideal systems [17,18]. 

 

9.3.2. Thermodynamics 

The modified Raoult’s law was used to describe the vapor–liquid equilibrium (VLE) in 

both columns [19]. The pure component vapor pressures of MCA/DCA [4] and DGDP [10] 

were calculated by the Antoine and Wagner equations, respectively, for which the 

parameters are listed in Table 8-3. Although the pressures in the extractive distillation 

process were very low (P ≤ 50 mbar), the Hayden-O’Connell model was applied to account 

for the non-ideality in the vapor phase [20]. Even far below atmospheric pressure, 

carboxylic acids associate in the vapor phase [4]. behavior into account due to the acid 

association. The non-ideal behavior in the liquid phase was calculated by the NRTL model 

[19,21]. The binary NRTL parameters are reported in Table 8-4.The specific liquid heat 

capacity is also an important property to design an extractive distillation process [22], 

which was calculated by the DIPPR (Design Institute for Physical Properties) equation [17]. 

The DIPPR parameters for MCA and DCA were taken from the Aspentech® databank 

(Aspen Properties PURE22 databank). The DIPPR parameters for DGDP were determined 

by the group contribution method of Rùzicka and Domalski [23]. This method is often 

applied to estimate liquid heat capacities in the temperature range from the melting point to 

the boiling point [19]. The DIPPR parameters for the three components are listed in Table 

9-1. The other required physical properties/parameters are reported in Tables 8-2 to 8-4 

from Chapter 8.  

 

Table 9-1: DIPPR parameters to calculate the specific heat capacitya for monochloroacetic acid (MCA), 

dichloroacetic acid (DCA), and diethylene glycol dipentyl ether (DGDP). 

Component A [J mol-1 K-1] B [J mol-1 K-2] C [J mol-1 K-3] 

MCA 127.0 -0.0928 4.9·10-4 

DCA 169.4 0.049 0 

DGDP 401.8 0.255 4.5·10-4 
a 3

TCTBAC
l

p ⋅+⋅+=  
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9.3.3. Model Input 

 

Feed Conditions, Purity Requirements, and Process Conditions 

The MCA/DCA feed (saturated liquid) to the extractive distillation column was 8.75 metric 

tonnes/hr, with an MCA concentration of 95 wt% [3]. The allowed DCA and DGDP 

impurity levels in the MCA product were 50 ppm and 1 ppm, respectively. The MCA and 

DGDP concentration in the DCA top stream from the recovery column were 10000 ppm 

and 1 ppm, respectively. The top and bottom flows were calculated by a mass balance. The 

feed temperature of DGDP to the extractive distillation column was set to the tray 

temperature at which it was fed. The condenser pressures in the extractive distillation 

column and extractant recovery column were set at 30 mbar and 15 mbar, correspondingly, 

to keep the (Kettle) reboiler temperatures in both columns below 180 oC [1,24]. The 

corrosion-proof Sulzer structured packing Mellacarbon 250Y was selected as internal [25], 

because MCA and DCA are both highly corrosive [1]. 

 

Model Approach Extractive Distillation Process 

First, the DGDP feed stage was set (assuming a pure DGDP feed) to keep the concentration 

of this component in the MCA top product of the extractive distillation column below 1 

ppm. The MCA/DCA feed stage was set manually at the stage where the MCA/DCA ratio 

was similar to the MCA/DCA feed ratio via an iterative method. The extractive distillation 

column was optimized by varying the NTS, reflux ratio, and E/F ratio [6,26]. For each 

reflux ratio (range 0.5–2), the NTS was varied from 16 to 44 with a step change of 2, and 

the required E/F ratio to obtain the required DCA impurity level in the MCA top products 

was calculated by a design spec (wDCA in MCA top product = 50 ppm). The optimal NTS 

was selected at the stage at which the energy requirements decreased less than 0.5 % 

compared to 2 stages less, which was also used as the selection criterion in the design of the 

extractive distillation process for ethylbenzene/styrene separation (see Chapter 6). 

Next, the effects of different DCA concentrations in the DGDP recycle on the performance 

of the extractive distillation column was examined to find the DCA concentration limit in 

the DGDP recycle. The reflux ratio was varied to minimize the energy requirements of the 

process, while still fulfilling the purity requirements of the bottom and top product by a 

design spec (wDCA in MCA top product = 50 ppm). 

Hereafter, the bottom stream from the extractive distillation column was used as the feed 

stream to optimize the extractant recovery column. The NTS of the recovery column was 

varied from 24 to 40, using a step change of 1, and the required reflux ratio was calculated 

by a design spec. The DGDP impurity level in the DCA top product (= 1 ppm) was set as 

the target. The optimal NTS for the regeneration column was selected at the stage at which 

the energy requirements decrease d less than 1–2 % compared to 1 stage less.  
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Finally, the total extractive distillation process was modeled by closing the DGDP recycle 

and applying heat integration on the MCA/DCA feed. A logarithmic temperature difference 

of 10 K was assumed between the hot and cold stream [27].  

 

9.3.4. OPEX, CAPEX, and TAC 

The OPEX were calculated from the process energy requirements using a running time of 

8400 hrs per year [28] and the cost factors supplied in Table 9-2. 

 

Table 9-2: Cost factors for the operational expenditures [27,28]. 

Cost factor €/GJ 

Heating  

Steam medium pressure (10–12 bar) 9.95 

Cooling  

Cooling water (> 32 oC) 0.80 

Cooling water (20 oC) 1.73 

 

The Aspen Process Economic Analyzer® was applied to calculate the CAPEX. The 

diameter and column heights of the (extractive) distillation columns were calculated in 

Aspen Plus using the Packing Sizing tool [17]. Standard overall heat transfer coefficients 

[29] were used to calculated the heat exchanger areas. Glass lined carbon steel and graphite 

were selected as the materials for the distillation columns and heat exchangers, because 

MCA and DCA are highly corrosive [1]. It was assumed that utilities, like steam, cooling 

water, etcetera, are already available at the plant location. The purchase costs of pumps 

were not taken into account. The total extractant investment was calculated from the 

extractant hold-up in the process and the extractant price. A price of 6 €/kg was assumed 

for DGDP [30], which is the current price for diethylene glycol dibutyl ether. Because 

DGDP is a custom-synthesized extractant, the price was also varied up to 100 €/kg to 

determine the contribution of the extractant price to the total CAPEX. The TAC were 

calculated by summing up the OPEX and 20 % of the CAPEX [27]. 

 

9.4. Results 

The results from the process model are presented in this section. First the results from the 

optimization of the extractive distillation column are discussed, followed by the influence 

of DCA in the DGDP recycle on the extractive distillation column. Next, the results are 

discussed for the extractant recovery column. Finally, the results are provided for the total 

extractive distillation process including OPEX, CAPEX, and TAC.  

 

9.4.1. Extractive Distillation Column 

The results from the optimization of the extractive distillation column are illustrated in 

Figure 9-2.  
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 Figure 9-2a: Required E/F ratio of the extractive distillation column using DGDP as function of reflux ratio (R) 

and number of stages (NTS). Figure 9-2b: Reboiler heat duty QREB of the extractive distillation as 

function of the reflux ratio and NTS. (�), NTS = 20; (�), NTS = 24; (�), NTS = 28; (�), NTS = 32; 

(�), NTS = 36; (�), NTS = 40; (�), NTS = 44. 

 

It was required to feed DGDP at stage 3 (R > 1.25) or 4 (R < 1.25), depending on the reflux 

ratio, and to maintain a reflux ratio of at least 0.7, irrespective of the extractant feed stage, 

to keep the DGDP concentration in the MCA top product below 1 ppm. Figure 9-2a shows 

that only low E/F ratios (< 1.3) are required to obtain the required top and bottom purities. 

This is due to the strong effect of DGDP on the relative volatility of the MCA/DCA system, 

which can increase the relative volatility up to 4 (see Fig 8-9, Chapter 8). Therefore, a 

reflux ratio of only 0.7 is required at high NTS (≥ 36). Figure 9-2a also shows that the E/F 

ratio is hardly dependent on the reflux ratio. This originates from the strong dependency of 

the relative volatility of the MCA/DCA system on the E/F ratio, especially at low E/F ratios 

(see Fig 8-9, Chapter 8). At lower reflux ratios, the extractant-to-feed ratio inside the 

column is higher, than at higher reflux ratios, and this high extractant content on the stages 

results in a high relative volatility (≈ 4). Consequently, a low reflux ratio is sufficient to 

obtain the top and bottom purities. At high reflux ratios, the extractant-to-feed ratio inside 

the distillation column is rather low, but because the relative volatility of the MCA/DCA 

system is strongly dependent on the E/F ratio, still a reasonably low E/F ratio is enough to 

fulfill the purity requirements. Moreover, Figure 9-2a shows that the required E/F ratio 

decreases with increasing NTS, which is a common trend in extractive distillation columns 

[6,16].  

Figure 9-2b illustrates that the reboiler heat duty increases with increasing reflux ratio, 

which is also a commonly observed tendency. The energy requirements for evaporation 

increase with increasing reflux ratio, and thereby the reboiler heat duty also increases. The 

reboiler heat duty is a summation of the energy required for evaporation and for extractant 

heating [22]. The reboiler heat duty increases linearly with increasing reflux ratio, because 

the energy required for evaporation is much larger than the energy required for extractant 
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heating in this process. At an NTS of 32 and a reflux ratio of 1 for example, about 95 % of 

the reboiler heat duty is required for evaporation This can be explained by the low required 

E/F ratio, but also by the large MCA fraction in the feed, and the relatively large heat of 

evaporation for acids [7]. Moreover, the E/F ratio is hardly dependent on the reflux ratio, 

and thus the energy required for extractant heating is almost constant with increasing reflux 

ratio. Figure 9-2b also shows that the reboiler heat duty decreases only slightly with 

increasing NTS. This observation can be explained by the small decrease in required E/F 

ratio with increasing NTS, and thereby the slight decease in energy requirements for 

extractant heating. An optimal NTS of 32 was selected. At these NTS, the minimum 

required reflux ratio of 0.8 (to obtain the DCA impurity level of 50 ppm in the MCA 

product) gave the lowest energy requirements and was therefore selected as the optimal 

reflux ratio. 

 

9.4.2. Purity Requirement DGDP Recycle 

The influence of DCA in the DGDP recycle on the performance of the extractive 

distillation column is depicted in Figure 9-3. The reflux ratio, and thereby the reboiler heat 

duty as well, increases with increasing DCA concentration in the DGDP recycle. A fraction 

of the DCA in the DGDP recycle will evaporate at the stage where it enters the extractive 

distillation column and, therefore, the reflux ratio must increase to sustain the same MCA 

product purity. The DCA concentration limit in the DGDP recycle is only 27.5 ppm, 

because the required DCA impurity level in the MCA product is very low with a limit of 50 

ppm. Thus, DGDP needs to be regenerated up to high purities in the regeneration column to 

maintain the high MCA purity. It was chosen to regenerate DGDP up to a DCA impurity 

level of 10 ppm to keep the reflux ratio and reboiler heat duty in the extractive distillation 

column as low as possible.  

 

0 5 10 15 20 25

0.75

0.80

0.85

0.90

0.95

1.00

1.05

w
DCA

 [ppm]

R

2.7

2.8

2.9

3.0

3.1

3.2

 Q
R

E
B
 [

M
W

]

 
 

Figure 9-3: Influence of dichloroacetic acid concentration (wDCA) in the extractant recycle on the reflux ratio (R) 

and the reboiler heat duty (QREB) of the extractive distillation column. (�), R; (�), QREB. 
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9.4.3. Extractant Recovery Column 

The results for the optimization of the regeneration column are illustrated in Figure 9-4.  
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Figure 9-4: Reflux ratio (R) and reboiler heat duty (QREB) of the regeneration column  

as function of the number of theoretical stages (NTS). (�), R; (�), QREB. 

 

The reflux ratio and the reboiler heat duty both decrease with increasing NTS, which is a 

typical trend in the design of distillation columns [27,31]. The relatively high reflux ratios 

originate from the high top and bottom purity requirements, the low DCA mass fraction of 

0.063 in the feed to the regeneration column, and the rather low relative volatility of the 

DCA/DGDP system at low DCA concentration (α ≈ 2, see Figure 8-7). An optimum NTS 

of 31 was selected, at which a reflux ratio of 11 is required.  

 

9.4.4. Total Extractive Distillation Process 

Finally, the total process was modeled and heat integration was applied on the MCA/DCA 

feed stream. The total reboiler heat duty for the extractive distillation process is 3.1 MW. 

The energy required for extractant heating (~ 0.25 MW) could be recovered. The total 

OPEX were estimated to be 1.0 M€/yr, which were mainly dominated by the OPEX for the 

heat requirements (0.92 M€/yr). The costs for extractant losses were minimal with only 100 

€/yr, due to the low DGDP concentration of 1 ppm in the top products of both distillation 

columns. However, it is possible that due to temperature/chemical degradation [8] some 

extra DGDP make-up is required, which was not taken into account in this evaluation.  

The CAPEX were also calculated, which are a summation of the investments for the 

(extractive) distillation columns, heat exchangers, and extractant investment. The CAPEX 

were estimated to be 2.9 M€, from which 68 % is required for the investment in the 

columns. The extractant investment contributes to about 1 % of the total CAPEX at the  

extractant price of 6 €/kg. At a price of 100 €/kg, the extractant investment contributes to 

about 13 % of the total CAPEX. Thus, the contribution of the extractant investment to the 

total CAPEX is rather low. Finally, the calculated TAC are 1.6 M€/year. This means an 

addition to the production costs of 23 €/tonne MCA product for a 70.000 mta MCA plant, 

which is rather low compared to the current (high purity) MCA price of 1500 €/tonne [15]. 
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Moreover, the acetic acid/MCA distillation and crystallization step can be avoided, and the 

hydrogenator size might be substantially reduced, which will decrease the total annual 

costs. Therefore, the conclusion can be drawn that extractive distillation is a promising 

technology to separate MCA from DCA up to high purities. 

 

9.5. Conclusions 

A conceptual design study was performed to investigate whether extractive distillation 

using the extractant DGDP is a promising technology to separate MCA and DCA to obtain 

highly pure MCA (wDCA < 50 ppm). In the extractive distillation column, a reflux ratio of 

0.7 and an E/F ratio of 0.75 were selected as the optimal conditions, at an NTS of 32. In the 

regeneration column, a reflux ratio of 11 is required at an NTS of 31. For a 70.000 mta 

MCA plant, the TAC were estimated to be 1.6 M€/year. The addition to the MCA 

production costs are 23 €/tonne MCA product, which is rather low compared to the current 

(high purity) MCA price of 1500 €/tonne. Therefore, the conclusion can be drawn that 

extractive distillation is a promising technology to obtain high purity MCA.  

 

9.6. Nomenclature 

 

A  DIPPR liquid heat capacity parameter J mol-1 K-1 

B  DIPPR liquid heat capacity parameter J mol-1 K-2
 

Cp
l
  liquid heat capacity   J mol-1 K-1 

E  extractant 

F  feed 

pKa  acid dissociation constant 

Q  heat duty    MW 

R  reflux ratio 

w  mass fraction 

 

Greek symbols 

α  relative volatility 

 

Subscripts 

REB  reboiler 

 

Abbreviations 

CAPEX  capital expenditures 

CMC  carboxymethyl cellulose 

DCA  dichloroacetic acid 

DGDP  diethylene glycol dipentyl ether 
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DIPPR  design institute for physical properties 

MCA  monochloroacetic acid 

mta  metric tonnes annually 

NRTL  nonrandom two-liquid 

NTS  number of theoretical stages 

OPEX  operational expenditures 

ppm  parts per million 

TAC  total annual costs 

VLE  vapor–liquid equilibrium 
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The main objective of this thesis was to investigate whether extractive distillation is a 

promising technology to separate close-boiling systems to obtain high purity products. The 

close-boiling mixtures ethylbenzene/styrene and monochloroacetic acid 

(MCA)/dichloroacetic acid (DCA) were investigated as representative examples from the 

chemical industry. The solvents sulfolane (the benchmark industrial solvent for this 

separation) and a wide range of ionic liquids (ILs) were investigated to obtain ethylbenzene 

impurity levels lower than 10 ppm in styrene. A wide range of agents were studied aiming 

at selective complexation with DCA to obtain high purity MCA (wDCA < 50 ppm). 
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10.1 Conclusions 

 

Ethylbenzene/styrene 

The benchmark extractant sulfolane was found to form a homogeneous liquid phase in all 

ratios with the ethylbenzene/styrene system and displays a solvent selectivity of about 1.6.  

Contrary to sulfolane, most (hydrophilic) ILs do not form a homogeneous liquid phase in 

all ratios with aromatics. For that reason, the IL screening was done by performing liquid–

liquid equilibrium (LLE) experiments to be able to determine the selectivity as well as the 

solvent capacity. From this study it was found that several ILs outperform sulfolane, with 

solvent selectivities up to 2.5. Furthermore, it was found that there is a clear trade-off 

between the solvent capacity and selectivity, which is shown in Figure 10-1. The ILs [3-

mebupy][B(CN)4], [4-mebupy][BF4], and [EMIM][SCN] were selected as promising 

candidates to study in more detail. The IL [3-mebupy][B(CN)4] is an example of an IL with 

a high capacity (Dstyrene = 0.59) and a relatively low solvent selectivity (S = 1.4). The IL 

[EMIM][SCN] has a high solvent selectivity (S = 2.2), but has a rather low solvent capacity 

(Dstyrene = 0.23). [4-mebupy][BF4] has an average solvent capacity (Dstyrene = 0.41) and 

solvent selectivity (S = 1.8).  
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Figure 10-1: Styrene solvent capacity (D, mass base) and selectivity (S) of several ionic liquids (ILS) in LLE 

experiments at 348.2 K for a model feed consisting of 60 wt% styrene and 40 wt% ethylbenzene. Symbols: 

experimental results ILs; dashed line: selectivity sulfolane. Bold and underlines ILs were selected as promising 

candidates. 

 

Next to the primary extractive distillation column, a key role in the process is the IL 

recovery. For [4-mebupy][BF4], which was chosen as the model IL, was found that it 

should be purified to at least 99.6 wt% in the recovery unit to maintain the distillate and 
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bottom purity requirements from the extractive distillation column. From the total annual 

costs (TAC), the conclusion can be drawn that evaporation using very low pressures (P < 

10 mbar) and ethylbenzene stripping, both in combination with an evaporator operating at 

mild conditions (T = 130 oC, Tcondenser = 20 oC), are the most promising technologies to 

recover styrene monomer from ILs, although the differences in TAC compared to stripping 

with nitrogen for example are rather small. 

The conceptual design study of the total extractive distillation process showed that the IL 

[4-mebupy][BF4] outperforms the other selected ILs [3-mebupy][B(CN)4] and 

[EMIM][SCN] with up to 11.5 % lower energy requirements. The operational expenditures 

(OPEX) of the [4-mebupy][BF4] process are 43.2 % lower than the current distillation 

process and 5 % lower than the extractive distillation process using sulfolane. However, the 

capital expenditures (CAPEX) were about 23 % higher for the [4-mebupy][BF4] process 

compared to the sulfolane process. From the total annual costs (TAC), which are shown in 

Figure 10-2, the conclusion can be drawn that extractive distillation is a very promising 

concept to separate ethylbenzene from styrene, because it clearly outperforms the current 

distillation process to obtain high purity styrene with up to 40 % lower TAC. However, ILs 

do not perform better than sulfolane. 
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Figure 10-2: Total annual costs (TAC) for the different processes and ethylbenzene (EB) impurity levels in 

styrene. Black bars, distillation; Dark grey bars, sulfolane; grey bars, [3-mebupy][B(CN)4]; light grey bars, [4-

mebupy][BF4]; white bars, [EMIM][SCN]. 

 

MCA/DCA 

The extractant screening study showed that many extractants outperform the benchmark 

extractant sulfolane with relative volatilities of the MCA/DCA mixture up to 5.9, whereas 

sulfolane displays a relative volatility of 1.6. However, a clear trade-off was observed 

between the effect of the extractant on the relative volatility of the MCA/DCA system and 

the regeneration ability of the extractant. Extractants with high effect on the relative 

volatility of the MCA/DCA system appeared to be difficult to regenerate in the regeneration 

column. Moreover, only ethers, phosphine oxides, ketones, and the benchmark extractant 
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sulfolane were stable in the strongly acidic environment. Finally, the extractant diethylene 

glycol dipentyl ether was selected, which improves the relative volatility of the MCA/DCA 

system up to 2.1–2.4 at a DCA/extractant mole ratio of 1. Moreover, this extractant could 

easily be regenerated using distillation and it is thermally and chemically stable in the harsh 

acidic environment.  

The conceptual design study showed that the TAC for the extractive distillation process are 

1.6 M€/year for a 70.000 mta MCA plant. The addition to the MCA production costs were 

calculated, which are 23 €/tonne MCA product. This is rather low compared to the current 

(high purity) MCA price of 1500 €/tonne. Therefore, the conclusion can be drawn that 

extractive distillation is a promising concept to obtain high purity MCA.  

 

10.2. Outlook 

 

Ethylbenzene/styrene 

The sulfolane process slightly outperformed the IL processes. Furthermore, sulfolane is 

already applied on industrial scale and therefore easier to implement on short term. 

However, still research has to be performed to scale up the extractive distillation process 

using sulfolane to industrial scale.  

Some styrene polymerization was observed in the vapor–liquid equilibrium experiments for 

the benchmark solvent sulfolane. Therefore, the polymerization rate of styrene in sulfolane 

has to be investigated. It is crucial to know the styrene polymerization rate, because it 

determines the inhibitor/retarder flow to the extractive distillation process. We observed 

also styrene polymerization in the phase equilibrium measurements for the IL [4-

mebupy][BF4], but not for the ILs [3-mebupy][B(CN)4] and [EMIM][SCN]. Apparently, 

some solvents/ILs can enhance polymerization rates, which was confirmed by a literature 

study [1,2].  

Since some styrene will polymerize, and other heavies like cumene (Tb = 152 oC) are 

present in the ethylbenzene/styrene feed, the separation of heavies from sulfolane needs to 

be investigated. These components will accumulate in the solvent recycle in time, which is 

undesired. Therefore, a bleed stream is required in combination with a separation method to 

purify the solvent. For example, an antisolvent like methanol can be added to precipitate the 

formed styrene polymer, which is a commonly applied method in polymer chemistry to 

separate apolar polymers from organic solutions [3,4]. 

Finally, pilot plant experiments need to be performed to investigate whether the extractive 

distillation process using sulfolane can be scaled up to industrial scale. These experiments 

are required, because mass transfer efficiency influences the required packing height and 

the hydrodynamic capacity depends strongly on the system to be separated. The current 

process evaluation is based primarily on equilibrium stage process models. 

For the long term, there are several opportunities to improve the energy efficiency of the 

extractive distillation process using ILs. The first opportunity is to screen for a better IL, 
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which has a high solvent capacity as well as a high selectivity (ending up at the upper right 

corner of Figure 10-1). An IL with a high solvent capacity hardly requires energy for 

solvent heating, which was observed for the IL [3-mebupy][B(CN)4] (~2 %). By having an 

IL which has a high selectivity too, the heat duty required for evaporation remains low as 

well. The second method is to find extra possibilities for heat recovery to minimize the heat 

duties for solvent heating. For the IL [EMIM][SCN] for example, 37 % of the total heat 

duty is required for solvent heating. The heat can possibly be recovered somewhere else in 

the styrene production process. If the energy efficiency of the IL extractive distillation 

process can be improved, and thereby outperforms the sulfolane process, the steps describe 

above to scale-up the sulfolane process needs be performed for the IL process too.  

 

MCA/DCA 

In the process evaluation performed in this work, it was not possible to compare the 

extractive distillation process to the currently applied MCA/DCA separation process. 

Therefore, the possible savings in OPEX and CAPEX in the current MCA production 

process by applying extractive distillation to obtain high purity MCA should be 

investigated to complete the process evaluation.  

When it turns out that applying the extractive distillation process is very beneficial, one of 

the next research steps is to determine the required make-up flow, which affects the OPEX. 

Although very small, some degradation was observed in the extractant stability experiments 

for the selected extractant DGDP. Therefore, the thermal/chemical degradation rate of the 

extractant DGDP in the harsh acidic environment should be investigated into more detail. 

Moreover, it is very important to determine which degradation products are formed and 

where these products will go. 

Next to the extractant degradation, it is furthermore important to study the effect of 

impurities present in the effluent from the chlorinator, like trichloroacetic acid for example 

[5], on the extractive distillation process. These impurities might end up in the extractant 

recycle, and thereby a bleed and extra purification method are required to purify the 

extractant that will increase the OPEX. 

Last, pilot plant experiments should be performed for this case as well to determine the 

mass transfer efficiency and the hydrodynamic capacity. 
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Table A-1: Experimental pure component vapor pressure data of ethylbenzene and styrene.a 

Ethylbenzene Styrene 

T [K] P [kPa] T [K] P [kPa] 

324.4 5.00 332.4 5.00 

333.4 7.50 341.4 7.50 

340.0 10.0 348.3 10.0 

345.5 12.50 353.9 12.50 

350.1 15.00 358.5 15.00 

354.1 17.50 362.6 17.50 

357.7 20.00 366.2 20.00 

360.9 22.50 369.4 22.50 

363.8 25.00 372.4 25.00 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K.  

 

Table A-2: Experimental vapor–liquid equilibrium data for ethylbenzene (1) + styrene (2) at 5, 10, and 20 kPa.a 

5 kPa 10 kPa 20 kPa 

T [K] x1 y1 T [K] x1 y1 T [K] x1 y1 

332.3 0.026 0.037 348.2 0.026 0.037 366.0 0.026 0.036 
332.1 0.051 0.074 347.9 0.051 0.073 365.7 0.05 0.070 

331.5 0.089 0.126 347.6 0.084 0.118 365.4 0.084 0.114 

330.5 0.181 0.245 346.6 0.178 0.239 364.5 0.176 0.233 

329.5 0.264 0.346 345.7 0.281 0.360 363.5 0.279 0.350 

329.1 0.349 0.440 344.7 0.376 0.466 362.5 0.374 0.455 

327.9 0.475 0.569 344.0 0.478 0.565 361.8 0.476 0.558 

327.0 0.571 0.658 343.2 0.574 0.656 360.9 0.575 0.653 

326.3 0.676 0.752 342.4 0.670 0.739 360.0 0.667 0.735 

325.5 0.784 0.841 341.5 0.775 0.828 359.2 0.774 0.824 

325.0 0.877 0.910 341.1 0.834 0.874 358.8 0.834 0.871 

324.5 0.938 0.953 340.3 0.937 0.951 358.0 0.937 0.949 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 

 
Table A-3: Experimental vapor–liquid equilibrium data for ethylbenzene (1) + sulfolane (2) at 5, 10, and 20 kPa.a 

5 kPa 10 kPa 20 kPa 

T [K] x1 T [K] x1 T [K] x1 

343.6 0.089 361.5 0.088 379.4 0.092 
329.6 0.202 344.8 0.201 361.4 0.197 

326.9 0.258 342.2 0.257 360.3 0.257 

325.9 0.348 341.1 0.348 358.4 0.347 

325.9 0.429 341.0 0.431 358.4 0.430 

325.9 0.517 340.8 0.512 358.3 0.515 

325.8 0.650 340.7 0.651 358.4 0.650 

325.5 0.737 340.6 0.740 358.2 0.741 

325.3 0.829 340.5 0.831 357.9 0.833 

325.0 0.908 340.4 0.912 357.8 0.913 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 

 



Appendix A 

iii 

Table A-4: Experimental vapor–liquid equilibrium data for styrene (1) + sulfolane (2) at 5, 10, and 20 kPa.a 

5 kPa 10 kPa 20 kPa 

T [K] x1 T [K] x1 T [K] x1 

358.6 0.089 380.3 0.077 398.4 0.075 
344.3 0.207 357.5 0.207 373.2 0.207 

341.4 0.264 355.9 0.263 372.5 0.263 

338.9 0.358 354.3 0.357 370.7 0.357 

337.1 0.459 350.8 0.463 368.2 0.464 

335.4 0.534 349.6 0.531 367.4 0.532 

334.8 0.662 349.1 0.663 366.9 0.664 

334.4 0.760 348.9 0.762 366.4 0.760 

333.7 0.844 348.6 0.843 366.3 0.843 

333.2 0.923 348.4 0.922 366.2 0.920 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 
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Table A-5: Experimental vapor–liquid equilibrium data for the ternary system 

 ethylbenzene (1) + styrene (2)  + sulfolane (3) at 5, 10, and 20 kPa.a 

T [K] x1 x2 y1 y2 

5 kPa 

326.9 0.413 0.107 0.880 0.119 
328.0 0.276 0.074 0.887 0.112 

328.8 0.204 0.056 0.893 0.106 

329.5 0.253 0.273 0.643 0.356 

331.2 0.167 0.187 0.652 0.346 

332.2 0.119 0.406 0.361 0.638 

332.6 0.157 0.045 0.886 0.112 

333.1 0.121 0.137 0.657 0.341 

335.2 0.077 0.274 0.367 0.631 

337.4 0.059 0.203 0.378 0.619 

337.4 0.094 0.110 0.659 0.338 

341.9 0.042 0.163 0.364 0.632 

10 kPa 

342.7 0.415 0.108 0.873 0.125 
343.2 0.276 0.074 0.883 0.115 

344.2 0.202 0.055 0.888 0.110 

345.1 0.254 0.269 0.630 0.369 

346.8 0.164 0.185 0.644 0.354 

347.3 0.157 0.047 0.880 0.117 

347.4 0.120 0.405 0.352 0.646 

348.6 0.122 0.137 0.646 0.351 

350.5 0.077 0.273 0.360 0.637 

350.9 0.094 0.111 0.647 0.349 

352.5 0.059 0.203 0.368 0.628 

355.0 0.042 0.164 0.353 0.641 

20 kPa 

360.0 0.414 0.106 0.867 0.131 
360.4 0.276 0.073 0.874 0.122 

362.5 0.251 0.275 0.617 0.380 

362.7 0.202 0.056 0.878 0.118 

363.2 0.157 0.045 0.870 0.125 

363.3 0.164 0.185 0.627 0.369 

364.8 0.118 0.403 0.339 0.658 

366.4 0.121 0.138 0.628 0.367 

366.7 0.096 0.109 0.633 0.361 

366.9 0.076 0.271 0.346 0.649 

369.2 0.058 0.201 0.351 0.644 

369.8 0.042 0.160 0.342 0.652 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002; σ(y) = 0.002.  
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Table B-1: Capacities and selectivities at 313.2 K and 348.2 K. The distribution coefficients  

and selectivities were calculated according to Eq.3-1. 

T = 313.2 K T = 348.2 K 
Nr. Ionic Liquid 

Dstyrene Dethylbenzene S Dstyrene Dethylbenzene S 

1 [2-mebupy][BF4] 0.323 0.159 2.036 0.284 0.150 1.886 

2 [3-mebupy][N(CN)2] 0.538 0.300 1.793 0.493 0.291 1.693 

3 [3-mebupy][ C(CN)3] 0.621 0.392 1.585 0.549 0.360 1.523 

4 [3-mebupy][Tf2N] 0.521 0.391 1.332 0.514 0.403 1.276 

5 [3-mebupy][B(CN)4] 0.619 0.426 1.453 0.592 0.429 1.378 

6 [4-mebupy][BF4] 0.486 0.257 1.894 0.414 0.234 1.774 

7 [4-mebupy][N(CN)2] 0.575 0.325 1.768 0.488 0.292 1.670 

8 [3-cybupy][N(CN)2] a a a 0.165 0.088 1.88 

9 [EMIM][N(CN)2] 0.329 0.165 1.989 0.301 0.155 1.947 

10 [EMIM][BF4] 0.115 0.047 2.435 0.134 0.062 2.150 

11 [EMIM][SCN] 0.241 0.103 2.344 0.229 0.105 2.184 

12 [EMIM][TOS] 0.218 0.115 1.891 0.198 0.117 1.701 

13 [EMIM][Mesy] 0.122 0.044 2.757 0.117 0.048 2.411 

14 [EMIM][EtSO4] 0.170 0.075 2.260 0.157 0.075 2.086 

15 [EMIM][DEP] 0.372 0.256 1.456 0.358 0.259 1.382 

16 [EMIM][TA] 0.243 0.141 1.725 0.230 0.138 1.673 

17 [EMIM][B(CN)4] 0.586 0.393 1.490 0.531 0.371 1.433 

18 [EMIM][MeSO4] 0.093 0.032 2.917 0.086 0.034 2.577 

19 [EMIM][Oac] 0.217 0.129 1.683 0.208 0.108 1.921 

20 [EMIM][MeBF3] 0.191 0.094 2.022 0.179 0.095 1.876 

21 [PMIM][BF4] 0.183 0.085 2.142 0.168 0.083 2.036 

22 [BMIM][SCN] 0.383 0.208 1.839 0.351 0.199 1.767 

23 [BMIM][N(CN)2] 0.446 0.252 1.772 0.409 0.238 1.717 

24 [BMIM][BF4] 0.260 0.134 1.938 0.243 0.133 1.822 

25 [BMIM][C(CN)3] 0.587 0.374 1.569 0.547 0.362 1.509 

26 [HMIM][BF4] 0.417 0.274 1.522 0.379 0.260 1.457 

27 [BMMIM][BF4] 0.257 0.123 2.096 0.239 0.125 1.915 

28 [HEMIM][BF4] 0.038 0.015 2.538 0.042 0.018 2.406 

29 [AMIM][N(CN)2] 0.269 0.128 2.099 0.240 0.123 1.946 

30 [PhCH2MIM][N(CN)2] 0.263 0.137 1.912 0.239 0.132 1.811 

31 [P14][N(CN)2] 0.688 0.575 1.198 0.713 0.614 1.160 

32 [N4441][Tf2N] 0.542 0.441 1.229 0.527 0.451 1.168 

33 [N4111][Tf2N] 0.497 0.419 1.186 0.346 0.264 1.309 

34 [N8881][TA] b b b b b b 

35 [P4441][MeSO4] 0.358 0.267 1.338 0.560 0.469 1.194 

36 [S222][Tf2N] 0.416 0.297 1.401 0.405 0.300 1.352 

37 [P14,666][N(CN)2] b b b b b b 

a The melting point of [3-cybupy][N(CN)2] is above 313.2 K and therefore no capacity and selectivity could be 

measured at this temperature for this ionic liquid. b No capacity and selectivity could be measured, because a 

homogeneous liquid phase was obtained after extraction. 
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Table B-2: Relative volatility, selectivity and temperature results from the VLE experiments at 5 kPa. 

Nr. Ionic Liquid α SVLE
a T [K] 

4 [3-mebupy][B(CN)4] 2.16 1.5 332.0 
6 [4-mebupy][BF4] 2.63 1.86 339.1 

aThe selectivity was calculated from Eq. 5 using the Antoine parameters  

to calculate the pure component vapor pressure from Ref. [9] from Chapter 3. 
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 Table C-1: Binary LLE data of the systems ethylbenzene + [3-mebupy][B(CN)4] and  

styrene + [3-mebupy][B(CN)4] at P = 0.1 MPa and T = 313.2, 333.2, and 353.2 K..  

I = organic phase; II = ionic liquid phase.a  

T [K] x1
I 

x1
II 

Ethylbenzene (1) + [3-mebupy][B(CN)4] (2) 

313.2 0.9999 0.680 
333.2 0.9999 0.666 

353.2 0.9999 0.653 

Styrene (1) + [3-mebupy][B(CN)4] (2) 

313.2 0.9999 0.833 
333.2 0.9999 0.827 

353.2 0.9999 0.820 
a σ(T) = 0.1 K; σ(x) = 0.002. 

 
Table C-2: Vapor pressure data of the binary system ethylbenzene (1) + [3-mebupy][B(CN)4] (2).a 

P [kPa] T [K] P [kPa] T [K] P [kPa] T [K] 

x1 = 0.184 x1 = 0.293 x1 = 0.396 

5.03 355.6 4.99 343.2 5.02 335.3 
7.44 365.4 7.49 352.5 7.54 344.2 

10.00 373.7 9.93 359.4 10.03 351.0 

12.45 380.0 12.51 365.3 12.44 356.5 

14.96 385.4 14.98 370.5 14.98 361.3 

17.52 390.3 17.42 374.7 17.45 365.6 

19.99 395.2 19.82 378.8 19.91 369.2 

22.44 399.2 22.47 382.6 22.45 372.7 

24.93 402.9 24.90 386.1 24.95 375.9 

27.46 406.7 27.44 389.2 27.47 378.7 

30.06 410.0 30.03 392.1 29.97 381.4 

x1 = 0.500 x1 = 0.584 x1 = 0.619 

4.93 329.9 5.03 326.9 5.02 326.2 
7.68 339.1 7.37 335.0 7.50 334.8 

10.10 345.4 9.94 341.8 10.10 341.4 

12.56 350.8 12.55 347.2 12.50 346.6 

15.00 355.3 14.97 351.7 15.00 351.1 

17.47 359.3 17.49 355.8 17.50 355.1 

20.04 362.8 19.95 359.2 19.90 358.5 

22.48 366.0 22.47 362.4 22.40 361.7 

24.94 368.9 25.02 365.5 24.90 364.6 

27.51 371.6 27.55 368.1 27.40 367.2 

29.94 374.1 29.94 370.6 29.95 369.7 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 
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Table C-3: Vapor pressure data of the binary system styrene (1) + [3-mebupy][B(CN)4] (2).a 

P [kPa] T [K] P [kPa] T [K] P [kPa] T [K] 

x1 = 0.263 x1 = 0.473 x1 = 0.574 

2.93 360.3 5.00 351.9 5.02 345.0 
4.02 367.2 7.50 361.2 7.50 353.9 

5.06 372.5 10.03 368.2 9.96 360.7 

7.52 382.8 12.43 373.9 12.49 366.3 

10.08 390.5 15.10 379.0 15.00 371.0 

12.52 396.7 17.49 383.1 17.49 375.2 

14.98 402.5 20.08 386.9 20.00 378.9 

17.45 408.1     

19.99 413.1     

x1 = 0.694 x1 = 0.816   

5.01 338.4 5.06 333.1   
7.48 347.1 7.59 342.1   

9.96 353.7 10.03 348.5   

12.44 359.1 12.52 353.9   

15.01 363.8 15.07 358.7   

17.50 367.8 17.45 362.6   

19.94 371.4 20.01 366.3   
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 
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Table C-4: Ternary VLE data for the system ethylbenzene (1) + styrene (2) + [3-mebupy][B(CN)4] (3) at 5, 10, 

and 15 kPa and solvent-to-feed (S/F) ratio’s of 1 and 3 on volume base.a 

S/F = 1 (volume base) S/F = 3 (volume base) 

T [K] x1 x2 y1 y2 T [K] x1 x2 y1 y2 

5 kPa 5 kPa 

338.4 0 0.662 0 1 355.2 0 0.412 0 1 
337.3 0.027 0.642 0.079 0.921 354.2 0.016 0.400 0.080 0.920 

334.1 0.119 0.557 0.307 0.693 352.2 0.075 0.323 0.335 0.665 

332.0 0.221 0.448 0.509 0.491 351.2 0.115 0.250 0.501 0.499 

330.3 0.316 0.352 0.654 0.346 346.3 0.188 0.208 0.660 0.340 

329.0 0.417 0.228 0.791 0.209 344.4 0.238 0.149 0.777 0.223 

326.9 0.512 0.143 0.881 0.119 342.0 0.282 0.089 0.875 0.125 

326.0 0.634 0.031 0.977 0.023 339.3 0.354 0.019 0.976 0.024 

325.5 0.678 0 1 0 338.8 0.371 0 1 0 

10 kPa 10 kPa 

353.7 0 0.662 0 1 371.3 0 0.412 0 1 
352.9 0.026 0.634 0.075 0.925 370.2 0.016 0.407 0.077 0.923 

349.3 0.117 0.555 0.300 0.700 367.7 0.080 0.319 0.344 0.656 

347.2 0.221 0.454 0.502 0.498 367.0 0.116 0.256 0.483 0.517 

345.3 0.317 0.357 0.646 0.354 361.8 0.187 0.202 0.662 0.338 

343.7 0.421 0.236 0.782 0.218 359.7 0.241 0.150 0.768 0.232 

342.1 0.508 0.144 0.877 0.123 359.4 0.278 0.086 0.871 0.129 

340.9 0.644 0.032 0.976 0.024 355.0 0.353 0.019 0.975 0.025 

340.6 0.678 0 1 0 354.5 0.371 0 1 0 

15 kPa 15 kPa 

363.8 0 0.662 0 1 381.7 0 0.412 0 1 
362.8 0.026 0.640 0.076 0.924 380.9 0.016 0.407 0.074 0.926 

359.5 0.117 0.557 0.295 0.705 378.0 0.075 0.323 0.318 0.682 

357.2 0.215 0.443 0.497 0.503 377.3 0.115 0.255 0.475 0.525 

355.3 0.310 0.346 0.639 0.361 372.0 0.186 0.205 0.646 0.354 

353.5 0.418 0.237 0.777 0.223 370.2 0.229 0.153 0.751 0.249 

352.0 0.511 0.144 0.878 0.122 369.8 0.272 0.085 0.868 0.132 

350.8 0.635 0.032 0.976 0.024 365.1 0.355 0.022 0.971 0.029 

350.4 0.678 0 1 0 364.7 0.371 0 1 0 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002; σ(y) = 0.002. 
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Table C-5: Binary LLE data of the systems (ethylbenzene + [4-mebupy][BF4]) and (styrene + [4-mebupy][BF4]) 

at P = 0.1 MPa and T = 313.2, 333.2, and 353.2 K. I = organic phase; II = ionic liquid phase.a 

T [K] x1
I x1

II 

Ethylbenzene (1) + [4-mebupy][BF4] (2) 

313.2 0.9999 0.286 
333.2 0.9999 0.280 

353.2 0.9999 0.275 

Styrene (1) + [4-mebupy][BF4] (2) 

313.2 0.9999 0.720 
333.2 0.9999 0.689 

353.2 0.9999 0.660 
a σ(T) = 0.1 K; σ(x) = 0.002. 

 

Table C-6: Vapor pressure data of the binary system ethylbenzene (1) + [4-mebupy][BF4] (2).a 

P [kPa] T [K] P [kPa] T [K] P [kPa] T [K] 

x1 = 0.120 x1 = 0.181 x1 = 0.224 

4.95 346.1 4.98 334.7 5.00 328.2 
7.47 356.0 7.47 344.0 7.50 337.0 

9.99 362.9 10.29 351.5 9.99 343.7 

12.50 369.1 12.49 356.2 12.48 349.1 

15.00 374.2 14.99 360.8 15.00 353.8 

17.49 378.9 17.49 365.1 17.49 357.9 

20.00 383.4 19.96 368.9 19.98 361.6 

22.49 387.5 22.49 372.3 22.48 365.0 

24.99 391.1 24.99 375.4 24.98 368.0 

27.47 394.6 27.50 378.3 27.48 370.8 

29.95 397.9 29.92 381.1 29.98 373.5 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 

 

Table C-7: Vapor pressure data of the binary system styrene (1) + [4-mebupy][BF4] (2).a 

P [kPa] T [K] P [kPa] T [K] P [kPa] T [K] 

x1 = 0.146 x1 = 0.211 x1 = 0.280 

2.99 358.6 2.99 347.0 4.97 349.6 
3.96 365.6 3.98 353.4 7.50 359.5 

4.98 371.7 5.00 358.8 9.97 366.9 

  7.46 369.1 12.45 372.9 

  10.00 377.2   

x1 = 0.349 x1 = 0.516 x1 = 0.635 

4.98 344.2 4.99 337.1 4.99 333.7 
7.11 352.2 7.47 345.7 7.50 342.5 

10.00 360.6 10.01 352.5 10.00 349.3 

12.42 366.3 12.83 358.5 12.50 354.8 

14.97 371.3 14.92 362.4 14.97 359.4 

  17.25 366.5 17.50 363.5 

  19.98 370.5 19.96 367.1 

    22.48 370.5 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 
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Table C-8: Ternary VLE data for the system ethylbenzene (1) + styrene (2) + [4-mebupy][BF4] (3) at 5, 10, and 

15 kPa and a solvent-to-feed (S/F) ratio’s of 4 on volume base.a 

T [K] x1 x2 y1 y2 

5 kPa 

348.0 0.023 0.230 0.194 0.806 
346.2 0.028 0.238 0.220 0.781 

341.4 0.070 0.200 0.460 0.540 

339.1 0.106 0.137 0.666 0.334 

334.1 0.160 0.093 0.820 0.180 

330.3 0.209 0.039 0.936 0.064 

328.7 0.233 0.028 0.958 0.042 

10 kPa 

364.2 0.023 0.230 0.192 0.808 
361.3 0.028 0.237 0.219 0.781 

357.0 0.070 0.206 0.449 0.551 

355.4 0.106 0.138 0.654 0.346 

348.8 0.162 0.100 0.808 0.193 

345.8 0.210 0.040 0.934 0.066 

344.3 0.231 0.030 0.954 0.046 

15 kPa 

375.1 0.023 0.229 0.190 0.810 
371.8 0.028 0.238 0.211 0.789 

367.4 0.068 0.203 0.436 0.564 

366.0 0.105 0.140 0.638 0.362 

358.4 0.163 0.098 0.806 0.194 

356.1 0.209 0.041 0.928 0.072 

354.2 0.231 0.029 0.954 0.047 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002; σ(y) = 0.002. 
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Table C-9: Vapor pressure data of the binary system styrene (1) + [EMIM][SCN] (2).a 

P [kPa] T [K] P [kPa] T [K] 

x1 = 0.087 x1 = 0.176 

2.99 348.6 2.99 335.5 
4.00 355.5 3.99 341.5 

5.00 361.1 4.98 346.3 

7.45 370.6 7.48 354.8 

9.96 378.6 9.99 361.8 

12.48 385.6 12.47 367.3 

14.90 391.6 15.00 372.1 

17.46 396.9 17.46 376.5 

19.99 401.6 19.99 380.4 

x1 = 0.243 x1 = 0.322 

2.97 329.7 2.98 325.5 
3.96 335.4 3.98 330.9 

4.95 340.1 5.00 335.6 

7.40 348.6 7.50 344.1 

9.99 355.3 9.99 350.5 

12.45 360.5 12.50 355.8 

14.85 365.0 14.99 360.3 

17.46 369.3 17.50 364.4 

19.87 372.7 19.99 367.8 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.002. 
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Table C-10: Experimental mole fractions x, solvent capacities D on mole base and selectivity S for the ternary 

system ethylbenzene (1) + styrene (2) + [EMIM][SCN] (3) at P = 0.1 MPa and T = 313.2, 333.2, and 353.2 K. I = 

organic phase; II = ionic liquid phase.a 

x1
I 

x2
I x1

II 
x2

II 
D1 D2 S 

T = 313.2 K 

0 0.9999 0 0.387 - 0.387 - 
0.124 0.876 0.020 0.325 0.165 0.371 2.254 

0.238 0.762 0.038 0.276 0.158 0.362 2.295 

0.340 0.660 0.050 0.227 0.148 0.344 2.320 

0.444 0.556 0.062 0.185 0.140 0.333 2.370 

0.535 0.465 0.073 0.152 0.135 0.326 2.409 

0.624 0.376 0.083 0.122 0.133 0.325 2.439 

0.717 0.283 0.091 0.089 0.127 0.313 2.472 

0.813 0.187 0.097 0.056 0.119 0.299 2.510 

0.908 0.092 0.105 0.027 0.115 0.293 2.545 

0.9999 0 0.111 0 0.111 - - 

T = 333.2 K 

0 0.9999 0 0.367 - 0.367 - 
0.118 0.882 0.019 0.309 0.162 0.350 2.169 

0.230 0.770 0.035 0.262 0.154 0.340 2.201 

0.332 0.668 0.049 0.219 0.147 0.328 2.229 

0.437 0.563 0.060 0.174 0.137 0.309 2.259 

0.529 0.471 0.070 0.142 0.132 0.301 2.284 

0.620 0.380 0.080 0.114 0.129 0.299 2.309 

0.714 0.286 0.090 0.085 0.126 0.296 2.353 

0.809 0.191 0.098 0.055 0.121 0.286 2.360 

0.906 0.094 0.105 0.026 0.116 0.279 2.398 

0.9999 0 0.113 0 0.113 - - 

T = 353.2 K 

0 0.9999 0 0.350 - 0.350 - 
0.114 0.886 0.018 0.295 0.158 0.333 2.101 

0.224 0.776 0.034 0.250 0.151 0.322 2.126 

0.326 0.674 0.047 0.209 0.145 0.310 2.145 

0.431 0.569 0.060 0.171 0.139 0.301 2.170 

0.522 0.478 0.069 0.138 0.132 0.288 2.186 

0.614 0.386 0.081 0.112 0.132 0.291 2.197 

0.709 0.291 0.090 0.082 0.127 0.283 2.224 

0.807 0.193 0.098 0.053 0.121 0.273 2.256 

0.905 0.095 0.107 0.026 0.118 0.271 2.294 

0.9999 0 0.115 0 0.115 - - 
a σ(T) = 0.1 K; σ(x) = 0.002. 
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Table D-1: Relative volatilities of the monochloroacetic acid/dichloroacetic acid system for the complexation 

experiments at 5, 7.5, and 10 kPa and extractant/DCA mole ratios of 0.5 and 1.a 

P = 5 kPa P = 7.5 kPa P = 10 kPa 
Extractant 

Extractant/DCA   

mole ratio α T [K] α T [K] α T [K] 

solvent - 1.25 381.2 1.26 390.4 1.26 397.3 
18C6 0.5 1.93 384.8 1.86 393.7 1.72 400.4 

 1 2.47 392.8 2.37 401.8 2.36 408.4 

DBE 0.5 1.47 385.0 1.46 392.7 1.45 398.6 

 1 1.65 387.6 1.63 395.0 1.62 400.7 

DGDP 0.5 1.80 384.8 1.76 394.0 1.73 400.8 

 1 2.34 388.8 2.21 398.1 2.14 405.0 

DGDB 0.5 1.79 383.6 1.78 392.8 1.71 399.8 

 1 2.29 387.4 2.23 396.6 2.18 403.6 

DHE 0.5 1.63 386.9 1.63 393.6 1.60 399.4 

 1 1.96 389.4 1.97 396.0 1.96 400.9 

DHK 0.5 1.57 388.4 1.56 395.4 1.55 401.2 

 1 1.85 391.3 1.82 397.6 1.82 403.2 

DPE 0.5 1.37 384.9 1.36 392.9 1.35 399.1 

 1 1.44 386.1 1.43 393.8 1.43 399.9 

DEET 0.5 1.75 383.9 1.73 393.5 1.71 400.6 

 1 2.28 388.3 2.22 397.7 2.23 405.0 

SN 0.5 1.33 382.2 1.31 392.3 1.28 400.1 

 1 1.39 385.6 1.38 396.2 1.35 403.8 

SF 0.5 1.44 381.9 1.42 391.1 1.41 398.1 

 1 1.59 385.8 1.57 395.2 1.56 402.6 

TGDE 0.5 1.88 385.3 1.86 394.4 1.82 401.6 

 1 2.44 391.6 2.34 400.9 2.30 408.1 

TBP 0.5 1.76 382.2 1.73 391.5 1.71 398.5 

 1 2.23 386.0 2.22 395.5 2.17 402.9 

THA 0.5 2.94 386.1 2.87 395.6 2.81 402.7 

 1 5.93 398.8 5.49 409.4 4.92 419.1 

TOPO 0.5 2.00 381.9 1.94 391.1 1.93 398.1 

 1 2.79 385.8 2.71 395.2 2.62 402.6 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001; σ(y) = 0.001.  
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Table D-2. Relative volatilities of the dichloroacetic acid/solvent systems for the regeneration experiments at 5, 

7.5, and 10 kPa and extractant/DCA mole ratios of 1 and 9.a 

P = 5 kPa P = 7.5 kPa P = 10 kPa 
Extractant 

Extractant/DCA 

mole ratio α T [K] α T [K] α T [K] 

DBE 1 47.9 411.2 31.6 421.2 21.0 423.8 
 9 13.7 464.1 18.8 469.1 14.2 472.9 

DGDP 1 10.9 428.2 10.3 438.4 11.5 445.8 

 9 2.35 448.3 2.57 459.1 2.71 467.2 

DGDB 1 2.37 429.1 2.34 439.4 2.03 446.9 

 9 0.71 429.1 0.76 439.4 0.81 446.9 

DHE 1 2.08 401.0 2.25 409.8 2.26 416.4 

 9 0.85 403.3 0.94 413.1 1.03 420.3 

DHK 1 14.8 411.1 12.4 420.2 11.1 427.0 

 9 2.58 431.0 2.7 441.4 2.6 448.8 

DPE 1 9.52 394.6 8.9 403.4 9.7 410.3 

 9 14.2 410.8 13.8 421.2 13.8 428.8 

SF 1 7.5 416.9 7.5 426.8 7.6 434.8 

 9 2.04 441.2 2.10 452.4 2.14 462.3 

TGDE 1 2.30 443.4 2.21 452.0 2.01 458.2 

  9 0.68 448.6 0.70 458.7 0.73 466.1 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001; σ(y) = 0.001. 

 



xx 

 



xxi 

 

Appendix 

Isobaric Low Pressure Vapor–Liquid Equilibrium 

Data for Monochloroacetic Acid + Dichloroacetic 

Acid + Diethylene Glycol Dipentyl Ether and the 

Three Constituent Binary Systems 
 

 



Appendix E 

xxii 

Table E-1: Experimental pure component vapor pressure data of monochloroacetic acid, dichloroacetic acid and 

diethyleneglycol dipentylether.a 

Monochloroacetic acid Dichloroacetic acid Diethyleneglycol dipentylether 

P [kPa] T [K] P [kPa] T [K] P [kPa] T [K] 

5.01 380.7 5.00 384.5 2.00 427.5 
6.02 384.7 6.00 388.4 3.00 437.5 

7.51 389.5 6.99 391.9 4.00 444.6 

8.01 391.0 8.00 394.9 5.00 450.3 

9.03 393.8 8.99 397.6 6.00 455.1 

10.01 396.3 9.99 400.1 7.00 459.3 

11.01 398.7 10.99 402.4 7.50 461.2 

12.01 400.7 11.99 404.6 8.00 463.0 

13.04 402.7 13.01 406.5 9.00 466.2 

14.02 404.6 14.00 408.4 10.00 469.1 

15.01 406.3 15.01 410.1 11.00 471.7 

17.51 410.2 17.50 414.1 12.00 474.1 

20.01 413.7 20.00 417.7 13.00 476.3 

25.01 419.5 25.00 423.7 14.00 478.6 

30.01 424.5 30.00 428.7 15.00 480.7 

40.01 432.6 40.00 437.1 20.00 488.8 

    25.00 495.7 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K.  

 

Table E-2: Experimental vapor–liquid equilibrium data for monochloroacetic acid (1) + dichloroacetic acid (2) at 

5, 7.5, and 10 kPa.a 

5 kPa 7.5 kPa 10 kPa 

T [K] x1 y1 T [K] x1 y1 T [K] x1 y1 

383.9 0.050 0.052 393.0 0.051 0.052 399.8 0.051 0.053 
383.8 0.100 0.106 392.9 0.101 0.106 399.7 0.101 0.106 

383.5 0.200 0.211 392.6 0.200 0.212 399.5 0.200 0.212 

383.2 0.299 0.321 392.4 0.301 0.321 399.2 0.301 0.322 

383.0 0.400 0.428 392.1 0.400 0.430 398.9 0.400 0.431 

382.7 0.497 0.535 391.8 0.499 0.536 398.6 0.500 0.537 

382.1 0.599 0.638 391.2 0.599 0.640 398.1 0.599 0.640 

381.8 0.699 0.738 390.9 0.698 0.739 397.7 0.698 0.739 

381.2 0.798 0.832 390.4 0.798 0.833 397.3 0.798 0.833 

380.8 0.898 0.919 389.9 0.898 0.919 396.8 0.898 0.919 

380.7 0.949 0.961 389.7 0.949 0.961 396.6 0.949 0.961 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001. 
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Table E-3: Experimental vapor–liquid equilibrium data for monochloroacetic acid (1) + diethyleneglycol 

dipentylether (2) at 5, 7.5, and 10 kPa.a 

5 kPa 7.5 kPa 10 kPa 

T [K] x1 y1 T [K] x1 y1 T [K] x1 y1 

444.1 0.038 0.255 455.2 0.039 0.254 463.7 0.039 0.251 
440.1 0.075 0.445 452.2 0.070 0.423 460.8 0.069 0.412 

431.4 0.150 0.686 443.1 0.145 0.676 451.7 0.142 0.666 

423.6 0.232 0.812 434.5 0.226 0.805 442.6 0.220 0.798 

416.1 0.329 0.894 426.3 0.323 0.887 433.9 0.318 0.890 

408.8 0.440 0.940 418.6 0.433 0.938 426.1 0.419 0.935 

401.5 0.546 0.968 410.9 0.550 0.967 418.0 0.548 0.965 

394.3 0.665 0.984 403.4 0.667 0.983 410.3 0.667 0.982 

388.1 0.777 0.993 396.7 0.783 0.992 403.7 0.779 0.992 

383.7 0.884 0.997 392.7 0.887 0.997 399.5 0.887 0.997 

381.3 0.944 0.999 390.4 0.944 0.999 397.0 0.944 0.999 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001. 

 
Table E-4: Experimental vapor–liquid equilibrium data for dichloroacetic acid (1) + diethyleneglycol 

dipentylether (2) at 5, 7.5, and 10 kPa.a 

5 kPa 7.5 kPa 10 kPa 

T [K] x1 y1 T [K] x1 y1 T [K] x1 y1 

447.8 0.048 0.101 458.6 0.043 0.099 467.0 0.040 0.095 
447.1 0.087 0.187 457.8 0.080 0.188 466.5 0.076 0.187 

446.3 0.160 0.373 457.1 0.152 0.373 465.7 0.148 0.374 

442.3 0.249 0.558 452.2 0.245 0.564 459.7 0.243 0.567 

437.0 0.342 0.720 446.9 0.338 0.722 454.2 0.331 0.736 

428.0 0.452 0.870 438.2 0.451 0.869 445.6 0.446 0.870 

418.1 0.560 0.944 428.5 0.555 0.940 436.1 0.556 0.941 

405.7 0.672 0.980 416.0 0.670 0.977 423.0 0.671 0.978 

387.5 0.889 0.998 397.1 0.893 0.998 404.5 0.891 0.998 
a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001. 
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Table E-5: Experimental vapor–liquid equilibrium data for the ternary system monochloroacetic acid (1)  

+ dichloroacetic acid (2)  + diethyleneglycol dipentylether (3) at 5, 7.5, and 10 kPa.a 

a σ(P) = 0.01 kPa; σ(T) = 0.1 K; σ(x) = 0.001; σ(y) = 0.001.  

 

T [K] x1 x2 y1 y2 T [K] x1 x2 y1 y2 

5 kPa 7.5 kPa 
384.8 0.718 0.192 0.871 0.129 394.0 0.718 0.192 0.868 0.132 
388.8 0.649 0.179 0.894 0.105 398.1 0.653 0.176 0.891 0.109 
395.6 0.538 0.155 0.908 0.084 405.4 0.534 0.155 0.904 0.087 
401.6 0.457 0.135 0.904 0.074 410.8 0.453 0.134 0.891 0.076 
406.5 0.401 0.118 0.892 0.068 415.9 0.393 0.118 0.887 0.070 
410.8 0.351 0.106 0.878 0.064 420.6 0.336 0.106 0.870 0.068 
423.5 0.212 0.068 0.765 0.056 433.8 0.202 0.067 0.766 0.059 
432.1 0.135 0.048 0.662 0.053 444.1 0.128 0.046 0.706 0.049 
385.7 0.441 0.475 0.606 0.394 395.2 0.437 0.475 0.604 0.396 
390.0 0.393 0.439 0.656 0.344 399.2 0.388 0.440 0.654 0.346 
399.2 0.322 0.376 0.716 0.284 409.3 0.322 0.377 0.706 0.293 
406.6 0.277 0.330 0.730 0.257 417.1 0.276 0.330 0.720 0.267 
412.0 0.240 0.292 0.720 0.241 422.1 0.227 0.290 0.704 0.253 
416.5 0.199 0.261 0.704 0.230 426.5 0.200 0.260 0.694 0.239 
429.6 0.118 0.167 0.585 0.198 441.1 0.106 0.163 0.570 0.211 
436.1 0.084 0.123 0.494 0.171 447.9 0.077 0.118 0.472 0.179 
386.5 0.174 0.742 0.264 0.736 396.1 0.176 0.739 0.263 0.737 
392.2 0.153 0.679 0.312 0.687 401.5 0.154 0.681 0.310 0.690 
402.2 0.123 0.583 0.372 0.622 411.7 0.122 0.582 0.362 0.628 
411.5 0.102 0.507 0.390 0.593 421.4 0.100 0.505 0.380 0.600 
418.7 0.086 0.449 0.383 0.566 428.4 0.083 0.444 0.376 0.575 
424.0 0.071 0.399 0.367 0.549 434.0 0.070 0.397 0.361 0.554 
436.5 0.038 0.252 0.269 0.446 447.2 0.036 0.249 0.263 0.449 
441.5 0.029 0.191 0.213 0.354 453.8 0.021 0.173 0.192 0.369 
10 kPa      
400.8 0.717 0.192 0.866 0.134      
405.0 0.655 0.176 0.888 0.111      
412.5 0.536 0.154 0.903 0.090      
418.0 0.451 0.135 0.895 0.079      
423.6 0.384 0.119 0.883 0.074      
427.5 0.346 0.105 0.869 0.070      
442.4 0.197 0.066 0.753 0.063      
452.1 0.125 0.045 0.650 0.054      
402.1 0.440 0.474 0.602 0.398      
406.2 0.388 0.440 0.649 0.351      
416.6 0.320 0.379 0.699 0.300      
424.6 0.265 0.329 0.710 0.275      
429.6 0.229 0.290 0.697 0.260      
434.2 0.206 0.259 0.684 0.246      
449.6 0.105 0.162 0.558 0.215      
456.9 0.067 0.113 0.463 0.184      
403.3 0.175 0.739 0.264 0.736      
408.6 0.153 0.677 0.306 0.694      
419.1 0.123 0.581 0.359 0.633      
429.2 0.101 0.504 0.377 0.602      
435.8 0.084 0.444 0.374 0.578      
441.6 0.069 0.393 0.353 0.554      
454.7 0.041 0.249 0.269 0.450      
462.4 0.021 0.173 0.182 0.378      
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voor de inhoudelijke discussies, maar ook voor de vele leuke groepsactiviteiten en de altijd 

gezellige koffiepauzes. Vooral Miran, Antje en Agnieszka wil ik bedanken, omdat zij allen 

fantastische kamergenoten waren die altijd tijd hadden voor een goed gesprek. Natuurlijk 

wil ik ook graag alle andere mensen buiten de SPS vakgroep bedanken die op wat voor 

manier dan ook hebben bijgedragen aan mijn leuke promotietijd in Eindhoven.  
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