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Ever tried.

Ever failed.

No matter.

Try Again.

Fail again.

Fail better.

Samuel Beckett

in Worstward Ho (1983)

And suppose we solve all the problems it presents ?

What happens ? We end up with more problems

than we started with. Because thats the way problems

propagate their species. A problem left to itself dries up

or goes rotten. But fertilize a problem with a solution –

you’ll hatch out dozens.

N.F. Simpson

in A Resounding Tinkle (1958)

Für meine Familie.

Für Liza.
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Summary
In this thesis the performance and applicability of rotating solid foam stirrers is in-

vestigated. The stirrer consists, thereby of a solid, highly porous structure, which is

used as stirrer and catalyst support simultaneously. The solid foam block occupies a

large part of the reactor volume. Catalyst loadings of 1-2 wt% can be achieved. The

rotation of the foam block drives the liquid outwards through the solid foam pores.

Baffles mix gas and liquid and direct the fluid flow back into the reactor center.

The thesis follows chronologically the steps of mass transfer in a three-phase reac-

tion. First the external mass transfer processes, the gas-liquid mass transfer and the

liquid-solid mass transfer, are studied. Then the gas-holdup in the reactor is studied

using γ-ray tomography for various liquids and stirrer conformations. The effects

on the external mass transfer is discussed. Then the catalyst coating is described be-

fore a three-phase reaction is used to test the reactor performance. For comparison a

slurry reactor equipped with a Rushton stirrer is used. The mass transfer and reaction

rates are always related to to the power input, as these are the main criteria for the

choice of a reactor for a given process.

Chapter 1 gives a brief introduction on mass and heat transfer processes in three-

phase reactors. Options for determination of crucial steps limiting the reaction rate

are discussed. Subsequently, some widely used three-phase reactor types are dis-

cussed, emphasizing fixed bed reactors. This includes random and structured pack-

ings, trickle beds and packed bubble columns and rotating packed bed reactors. The

chapter ends with an outline of the thesis.

In Chapter 2 the gas-liquid mass transfer is discussed. This mass transfer step is

often limiting three-phase reaction rates due to the low solubility of gaseous com-

pounds in liquids. A fluorescence probe is used to study the absorption/desorption

rates of the oxygen-water system. Gas-liquid mass transfer data are presented for

different solid foam stirrer configurations, mainly in a blade and a block design, and

compared to a six-blade Rushton stirrer. Both foam reactor designs work at stirring

rates below 600 rpm. Using the foam blade design, gas bubbles are mainly created by

the turbulence at the gas-liquid interface. Large bubbles are broken up by collisions

with the foam blades.

Using a foam block design, rotation leads to the structuring of the reactor volume

into sections strongly differing in gas holdup, flow behavior and bubble size distri-

bution. Gas-liquid mass transfer coefficients have been achieved, which are 50 %

higher than measured for a Rushton stirrer used as reference. The foam block struc-

ture occupies a larger reactor volume than the foam blade stirrer. In the following

chapters we focus on this stirrer type.
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SUMMARY

Chapter 3 covers the liquid-solid mass transfer. The rotating foam block stirrer

is compared to a slurry reactor equipped with a Rushton stirrer using the dissolution

of copper as model reaction.

For the stirred reactor consisting of a Rushton stirrer and a slurry with small parti-

cles, the particle density has a large influence on the liquid-solid mass transfer rate.

Heavy particles show high slip velocities as their path is less influenced by the liq-

uid turbulence. Furthermore, the mass transfer is enhanced by neighboring particles

passing each other. In case of solid copper particles, a kLS-value of 3 ·10−3 ms−1 was

observed. For particles having a density comparable to industrially catalyst supports,

the kLS-value is one order of magnitude lower.

For the rotating foam block stirrer also high kLS-values of 2.5 ·10−3 ms−1 have been

achieved due to the high liquid velocity along the foam struts. The influence of sev-

eral parameters on the hydrodynamics and the liquid-solid mass transfer has been

studied. Among these the foam block height, the foam pore size, and the space

above the foam block stirrer have a large effect on the liquid circulation, the bubble

formation and therefore on the liquid-solid mass transfer. The reduction of the foam

pore size has two counterbalancing effects resulting only in a slight increase of the

rate of mass transfer: i) the liquid-solid interfacial area is increased; ii) the liquid

circulation is, however, reduced due to the higher frictional pressure drop. Gas bub-

bles passing the foam struts affect the liquid-solid mass transfer by inducing liquid

velocity fluctuations. For the foam block stirrer a maximum kLSaLS-value of 0.6 s−1

was obtained. An additional advantage of the foam stirrer reactor is that the solid

phase is fixed and the catalyst does not need to be separated downstream the reactor.

In Chapter 4 the gas holdup of rotating foam block reactors is studied using γ-

tomography. The influence of liquid properties, such as viscosity and surface tension,

and the rotational speed on the gas/liquid distribution in the different reactor sections

is investigated. Especially the viscosity has a strong effect on the entrapment of gas

bubbles in the foam block structure, while the surface tension is the dominant pa-

rameter in the outer reactor section. The influence of these parameters on the inset

of foaming and the collapse of the gas/liquid dispersion is investigated.

For non-foaming Newtonian liquids the two phase flow through the foam block stir-

rer is mainly influenced by the solid foam pore size and the liquid viscosity. For low

viscosity, the optimal foam block pore size was identified in the range between 10

and 20 ppi. With smaller pore size, the gas-holdup inside the foam block strongly

increases due to bubble entrapment. For higher viscosity, pore sizes larger than 10

ppi have to be used in order to achieve a sufficient liquid flow rate through the foam

block to avoid a strong gradient over the reactor height. The effect of the hydrody-

namics on the gas-liquid and liquid-solid mass transfer and the reactor performance
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SUMMARY

are discussed and recommendations for further optimizations of the reactor design

and the operational conditions depending on the liquid properties have been devel-

oped.

Chapter 5 discusses the coating of solid foam structures. Highly stable alumina

layers have been prepared on aluminum foams by a combination of anodization and

wash coating. The structure of the coating layers has been investigated using electron

microscopy and X-ray diffraction. Nitrogen adsorption and mercury-porosimetry

have been applied to determine the pore size distribution and specific surface area.

Mechanical stability was tested using ultrasonic vibration. Anodizing conditions

used in this work, produce a highly stable oxide coating with a specific surface area

up to 2.5 m2g−1
foam. These layers can be used directly as low surface area catalyst

support, but also as sub layers in order to increase the mechanical stability of an

applied wash coat. For the wash coat, alumina particles in micrometer size range

have been used. By adjusting the alumina content in the wash coat slurry between 20

and 40 wt%, homogeneous alumina coatings have been produced with a thickness

between 5 and 25 µm, a porosity of around 50 % and a specific surface area up to 24

m2g−1
foam. The interparticle pores in the micrometer size range provide the space for a

high mass transfer of gas and/or liquid reactants to the catalytic surface. The addition

of colloidal alumina particles with a particle size of less than 200 nm increases the

coating stability. Additional use of an anodization layer has resulted in a mass loss

of less than 2 wt%.

In Chapter 6 the catalytically active solid foam blocks are applied in a three-phase

model reaction, the oxidation of glucose on platinum promoted by bismuth. Using

catalyst nanoparticles and measuring the oxygen concentration in the bulk liquid, the

kinetic parameters and mass transfer characteristics have been determined at a tem-

perature of 333 K.

The overall reaction rate has been studied experimentally using three different sup-

port types: slurry catalysts, pellets and a solid foam stirrer. The glucose conversion

rate and the deactivation rate of the catalyst depend strongly on the ratio between

mass transfer and reaction rate. At low catalyst concentrations the glucose oxida-

tion process is liquid-solid mass transfer limited. The block stirrer shows a superior

performance over the slurry catalysts, due to the high liquid-solid volumetric mass

transfer coefficient. The bimodal pore size distribution of the catalyst layer further

increases the conversion rate.

Using slurry catalysts, a loading of 1 wt% in combination with pure oxygen feed

is required to achieve acceptable conversion rates. Under these conditions the gas-

liquid mass transfer and partially the liquid-solid mass transfer are the rate limiting

steps. The foam block stirrer shows good gas-liquid mass transfer rates and high
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liquid-solid mass transfer rates, which still increase at high power input. Working

under external mass transfer control and using this stirrer type, the catalyst loading

can be strongly reduced to loadings less than 0.4 wt%, while the conversion rate

remains comparable to slurry particles with loadings of 1 wt%. As the catalyst is

fixed, attrition and agglomeration in high viscosity liquids are circumvented. There

is further no need for filtration and the catalyst can simply be re-used.

Chapter 7 summarizes the main conclusions concerning the gas-liquid and liquid-

solid mass transfer processes. The influence of various parameters on the individual

mass transfer processes and the overall process is discussed. Finally recommenda-

tions concerning further optimizations are given. These include the reactor design,

but also the development of new porous materials for rotating packed bed reactors.
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1
Introduction

In the European industry a strong shift towards the production of specialty and fine

chemicals has been observed during the last decades. High value chemicals are com-

monly produced in amounts of less than 10 kt per annum. Examples are pharmaceuti-

cals or precursors thereof, high performance polymers and nutritions. The production

of these compounds requires good knowledge and control of the process conditions

due to the high demands on product quality. The optimization of these processes

involves the use of the optimal temperature and flow conditions and the optimal cat-

alyst system, not only for each reaction step, but also for a specific conversion level

during the reaction. Reactions are combined to convert unstable intermediates to

more stable products. Also the integration of separation processes can strongly in-

crease the yields. Examples are the reactive distillation and the use of membranes

to remove the products. This avoids byproduct formation, and additionally shift the

equilibrium to the side of desired products.

The reactor choice depends on the reaction kinetics and the required mass transfer

rates. Therefore, any reactor optimization always starts with the study of the reaction

kinetics. Based on these the reactor type and hydrodynamic conditions are chosen.

Empirical correlations have been developed for a wide range of reactors, operating

conditions and flow regimes. These can conveniently be used to obtain a first simple

model of the reactor performance.

In the following, we will first introduce the mass transfer phenomena occurring

in three-phase reactors, before discussing some widely applied three-phase reactor

types. After introducing the concept of rotating packed bed reactors the thesis objec-

tives are given.

1



CHAPTER 1. INTRODUCTION

1.1 Mass transfer processes

In chemical reactors, the influence of mass transfer processes on the overall reaction

rate can be substantial, especially in processes involving gas and liquid phases. The

solubility of gaseous reactants is increased by working at elevated pressures, com-

monly up to 200 bar [1]. The concentration of the gaseous components is still low

compared to the liquid reactants. Due to the Arrhenius-type dependence of the rate

coefficients the kinetic reaction rate is increased by raising the temperature. The mass

transfer rates do not increase accordingly and at higher temperatures mass transfer

rates between the phases can become the rate limiting processes.

For simple first order kinetics the activation energy can give a good estimate about

the main process limitations. Generally working in the kinetically limited regime the

activation energy is high. Entering the pore diffusion limited regime, the measured

activation energy has a value between 10 and 30 kJ·mol−1. If the process is exter-

nally mass transfer limited, values of the activation energy are less than 10 kJ·mol−1.

Commonly, one has to deal with more complex reaction mechanisms.

There are various ways to obtain the rate limiting processes. The important pro-

cess parameters and their effects on the mass transfer coefficients are listed in Table

1.1. The external mass transfer parameters affected by these process conditions are

commonly expressed as the products of mass transfer coefficient and interfacial area

kGLaGL and kLSaLS. For catalyst pore diffusion the effectiveness factor of the rate

limiting reactant is commonly used. In Table 1.1 only the direct effects of the process

conditions on the mass transfer parameters are considered. It is clear, that an increase

of the gas-liquid and the liquid-solid mass transfer influence the effectiveness factor

and the kinetics.

Using different slurry catalyst particle sizes, one can distinguish if a process is ki-

netically or mass transfer limitated. A reaction rate increase with smaller particle

size can still be an indication of both pore diffusion and liquid solid mass transfer

limitation at the same time. A dependence of the reaction rate on the mixing rate

can distinguish, if the process is pore diffusion or external mass transfer limited.

Still, at high mixing rates the mass transfer does not necessarily increase with the

stirrer speed. To exclude this effect, the stirrer type and diameter can be varied. If

the process is mainly externally mass transfer limited, the best way to differentiate

between gas-liquid and liquid-solid mass transfer limitations is to measure the gas

concentration in the liquid phase. This is simple for oxygen, but less straightforward

for hydrogen. Alternatively, one can vary the catalyst loading. No change in the

reaction rate indicates that the process is mainly gas-liquid mass transfer limited.

So, with a few experiments one can easily identify the main processes limiting the

reaction rate. This is essential for kinetic experiments, but equally necessary for re-

actor optimizations. Using slurry reactors one commonly starts with a change of the

2



1.1. MASS TRANSFER PROCESSES

Table 1.1: Influence of process parameters on the individual mass transfer

coefficients in solid catalyzed gas-liquid reactions.

Mass transfer processes influenced by process parameters

Gas-Liquid Liquid-Solid Pore diffusion

Parameter kGLaGL kLSaLS η
General

Temperature effect on density, viscosity and surface tension

Active material no effect no effect strong effect

distribution

in catalyst

Slurry reactor

Slurry catalyst significant at higher strong effect no direct

loading loadings by slurry on aLS effect

density and viscosity

Slurry catalyst significant at higher strong effect strong

particle size loadings by on aLS and kLS effect

slurry viscosity

Stirrer speed strong effect strong effect no direct

on kGL and aGL on kLS effect

Stirrer type strong effect effect no direct

on kGL and aGL on kLS effect

Fixed bed reactor

Catalyst coating small effect small effect strong

thickness on hydrodynamics on hydrodynamics effect

Particle size hydrodynamical effect strong effect on aLS strong

on kGL and aGL + hydrodynamical effect

effect on kLS

Bed porosity hydrodynamical effect strong effect on aLS no effect

on kGL and aGL + hydrodynamical

effect on kLS

stirrer speed and particle size. In fixed bed reactors the volumetric flow rates through

the bed can easily be varied, before the catalyst particle size is changed. If any pos-

sible transparent reactor parts should be used allowing an observation of the flow

regime and catalyst wetting.
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1.2 Heat transfer

The heat produced in exothermic reactions, such as partial oxidations and hydro-

genations, can lead to hot spots and the formation of byproducts. Liquids and solids

have, however, a volumetric heat capacity, which is three orders of magnitude higher

than gases. Temperature overshoots are, therefore, less strong compared to gas-solid

reactors. Inside the catalyst layer the heat transfer is commonly fast, mainly by con-

duction through the solid material. The heat is then removed from the catalyst by

liquid flowing over the surface. As long as the liquid film covering the catalyst is

refreshed, the heat transfer is sufficient for most reactions.

1.3 Three-phase reactors in the fine chemical industry

In the following sections some three phase reactor types are discussed concerning

their mass and heat transfer performance and their range of applications. Due to the

large number of developed reactors and modifications, this list is limited to standard

reactors widely applied in the fine chemical industry.

1.3.1 Slurry batch reactors

A large number of process in the fine chemical industry are performed utilizing slurry

catalysts and batch reactions. The production of pharmaceuticals often requires more

than 10 reaction steps with intermediate separation steps [2]. Batch reactors equipped

with stirrers, as shown in Figure 1.1a are well suited for these operations. Multi-step

reactions and one-pot syntheses can easily be performed. The reactors are flexible

and their operation can easily be scheduled.

In other processes the feed composition can vary from charge to charge. An exam-

ple is the hydrogenation of fatty acids. Depending on the origin of the feedstock

the amount of saturated bonds and the ratio of cis and trans groups vary. A batch

process is, therefore, the preferred reactor type. Additionally, regulations for food

and pharmaceuticals sometimes permit the use of batch systems due to sterility and

contamination issues.

Batch processes can easily be adjusted by changing the mixing intensity, the temper-

ature and the reaction time in order to achieve the desired yield and product quality.

Disadvantages are, however, dead times of the reactor due to emptying, cleaning and

refilling of the system. Slurry particles are porous to high achieve specific surface

areas of up to 300 m2g−1 for alumina supports and more than 2000 m2g−1 for ac-

tive carbon supports. The high porosity and surface area allow a good dispersion

of the catalytic material on the support. The high porosity goes, however, hand in
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hand with a low particle density. The particles are rather transported with the liquid

instead of through the liquid. This results in a low refreshment rate of the liquid film

covering the particle surface and in a low liquid-solid mass transfer coefficient kLS.

The rotational speed of the stirrer is commonly chosen just sufficient to suspend the

particles in the liquid [3–5]. This results in poor mixing of the phases and low mass

transfer rates. To improve the gas-liquid mass transfer gas is sparged through the

stirrer blades and/or below the stirrer. The liquid-solid mass transfer rate can simply

be increased by adding more catalyst. Commonly loadings of 1 to 5 wt% are used.

High loading lead, however, to increased slurry viscosities and consequently to a re-

duction of kGL and kLS. It also increases the attrition of catalyst particles and wash

out of catalytic material.

1.3.2 Slurry bubble column reactors

If possible, a continuous operation mode is preferred. Reactor dead times are avoided

and, if the catalyst properties and reactant feed do not change, a constant product

quality can be achieved. The slurry bubble column is a widespread example of a

continuous reactor using slurry catalysts. It is shown in Figures 1.1b and 1.1c. They

find applications in highly exothermic processes, such as partial hydrogenations or

as a prominent example the Fischer-Tropsch process applied by Sasol [6]. The cat-

alyst is constantly moving through the column and the particle surface is refreshed.

Additionally, fresh reactants are diluted by products. This reduces the reaction rate

at the feeding zone and prevents hot spots [7].

The impact of the catalyst particles on the gas-liquid mass transfer depends on var-

ious parameters, such as solid loading, particle size and density, but also the sur-

face tension of the liquid, the tendency to particle coalescence and the applied flow

regime. At low solids concentration (up to ca. 35 wt%), the mass-transfer coefficient

is comparable to that of a two-phase bubble column [9]. With higher loading and

larger particle size, the gas-liquid interfacial area decreases, also a transition from

homogeneous to heterogeneous regime can be observed [9]. Also, the kGL-value can

decrease with smaller particle size. This is, however, insignificant compared to the

impact on the gas-liquid interfacial area [9].

The liquid-solid mass transfer coefficient kLS is reduced with increasing solid loading

and particle size. The agitation is achieved by the gas bubbles. This can be improved

by static mixers, which also break up larger bubbles. No additional energy is spent

for stirring, but a large amount of gas passes the reactor without being absorbed into

the liquid. This has to be re-pressurized. Improved systems of gas feeding are used,

which result in small bubbles, and a uniform gas holdup over the column volume

[10]. A bubble column can further be equipped with static mixers and internal walls

in order to define the riser and downer sections. In these gas-lift reactors the mixing
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Figure 1.1: Stirred tank reactor (a), slurry bubble column (b) and gas-lift reactor(c).

and liquid circulation is achieved by the bubble flow through the riser part. In the

outer downer part gas-bubbles are absent. Here the catalyst can be generated [11].

Many more slurry reactor concepts and modifications have been developed, such as

buss loop reactors or venturi jet reactors for highly exothermic reactions [12].

1.4 Packed bed reactors

The advantage of packed bed reactors is the defined reaction zone. The reactor can

easily be structured into a sequence of reaction sections, cooling or heating zones.

The catalyst is commonly structured along the bed to achieve the optimal perfor-

mance depending on the conversion level. In partial oxidation, for example, the

reactant concentration is high at the reactor inlet. Here a catalyst with a low activity

is used to prevent a temperature overshoot and the formation of byproducts. At high

conversions towards the reactor outlet a catalyst with higher activity is used in order

to convert the remaining reactants.

1.4.1 Packings

Random packings

As random packings low-cost supports, such as spheres or extrudated pellets and

rings are used (Figure 1.2a). Their specific surface area and pore size distribution can

be chosen in a wide range. Catalyst packings are used for long term processes. The
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bed structure has to be uniform in order to reduce channeling and dead zones. Special

filling procedures are applied to ensure a homogeneous bed porosity. Despite of a

Figure 1.2: Fixed bed packings: Random packings (a) from MHTT[13]; struc-

tured packings Katapak-S (b) from Sulzer [14]; structured ceramic packings (c) from

Gophin Chemical[15].

high porosity, the packings have to be mechanically stable. In case of fast kinetics

only the outer shell is deposited with catalytically active material, while the inner

part of the pellets provides the mechanical stability. This results in low porosities of

around 0.4 to 0.6 m3
voidm−3

bed and high pressure drops [16].

Structured packings

To increase the bed uniformity and reduce the pressure drop, various structured pack-

ings have been developed [9]. Examples are Sulzer katapak and similar structures,

as shown in Figures 1.2b+c, but also open cell solid foams, fiber mats and monoliths

[17–22]. These structures are not necessarily more expensive than random pack-

ings. Monolithic blocks can, for example, be produced by extrusion. The packings

structures are provided as blocks and have to be stacked accurately to ensure a good

contact between the packing elements. In trickle beds, orifices are commonly the

starting point of flooding. Stemmet et al. found that using open solid foams flooding

starts at the contact points between two solid foam stacks [16]. Also the contact to

the reactor wall has to be close to prevent flow channeling.

Most of the structured packings applied in the chemical industry originate from the
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construction sector. They are mechanically stable and show, at the same time, high

bed porosities. Values higher than 0.9 m3
voidm−3

bed are achieved.

Monoliths consist of straight channels, each acting like a tubular reactor. These pack-

ings show the lowest pressure drop of all packings [16]. Due to small irregularities

in the channel diameter maldistribution can occur resulting in a broad residence time

distribution, especially using two-phase flow. To avoid this, monolithic structures

consisting of fibers have been developed. The porous walls allow diffusion of com-

ponents and higher uniformity between the channels [18].

Other structures, such as fiber mats and open cell foams do not consist of parallel

channels, but of networks of cells separated by fibers or struts. Liquid streams pass-

ing them continuously split and recombine. This results in a uniform flow over the

entire reactor bed width, but also in higher pressure drops compared to monolithic

structures [16]. For open cell foams the bed porosity and the liquid-solid interfacial

area is adjusted by the pore size and the strut thickness. Fiber maths show a finer

pore structure resulting in even higher pressure drops [17, 22].

In order to achieve a sufficient specific surface area for catalyst deposition various

methods can be used. The struts can be produced from porous material directly or

made porous by chemical or electrochemical leaching. Alternatively a porous coat-

ing can be applied, by sol-gel coating or wash coating [23–25].

1.4.2 Trickle bed reactors

Trickle bed reactors are frequently used in industrial processes. They are relatively

easy to operate. Commonly gas and liquid are fed co currently from top, so grav-

ity partly counterbalances the frictional pressure drop. Compared to counter current

flow, this allows to use higher flow rates before flooding occurs [16]. In general it

is advantageous to use packings having a high porosity, as this reduces the pressure

drop and allows to use higher flow rates before flooding occurs. At low flow rates

the wetting of the catalyst surface can be incomplete, as shown in the simulation of

Schwidder and Schnitzler in Figure 1.3b [26]. Due to capillary forces, the catalyst

layer is still wetted. This results in a poor product removal. Furthermore, the liquid

flow over the catalyst surface is the main process of heat removal. In highly exother-

mic reactions the pellet surface fractions not wetted sufficiently are locations of hot

spots resulting in degradation. To avoid incomplete wetting, industrial reactors oper-

ate at liquid interstitial velocities of 0.5 cm/s and higher [27].

Based on the microscopic phenomena occuring in the bed voids macroscopic flow

regimes are observed. These microscopic phenomena are in detail detailed described

by Melli et al. [28]. At lower flow rates and wider passages the microscopic regimes

of trickle flow and the bridged regime occur. The bed voids are gas dominated, which

show low gas-liquid and liquid-solid mass transfer rates [28]. Applying higher liq-
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Figure 1.3: Schematic drawing of a trickle bed reactor (a) with detailed simulation

of trickle flow (b) [26]. Rotating packed bed (HIGEE) reactor.

uid flow rates and/or using beds with narrow passages, flooded and bubbling flow are

observed [28]. Under these conditions of complete wetting, the mass transfer rates

are increased and the liquid-solid interfacial area is similar to the bed specific surface

area. However, the pressure drop is increased accordingly. Additional increase of the

gas flow rate results in the pulse flow. This regime is described by fast alternation of

gas and liquid filling the bed voids. High gas and low liquid flow rates result in spray

flow. This is, however, of less industrial importance for three-phase reactors due to

the poor wetting of the catalytic surface.

1.4.3 Packed bubble column

Packed bubble columns have a design similar to trickle bed reactors, shown in Fig-

ure 1.3a. However, liquid is fed from the bottom. Gas flow is applied co currently.

The porous bed increases the pressure drop compared to free flow. This, however,

homogenizes the flow velocity along the bed. Stemmet et al. investigated the use of

open cell foams as bubble column packings [16]. Using a co-current up flow config-

uration, the gas-liquid mass transfer is higher than in trickle bed operation. However,

the recycled gas has to be re-pressurized. Both, gravity and the frictional pressure

drop work against the liquid up flow. This results in an energy consumption, which

is far higher than for trickle bed reactors. On the other hand, liquid up flow has the

advantage of complete wetting of the catalyst surface and reduced maldistribution, if

the void size is large enough [29].
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1.4.4 Micro- and millireactors

For increased heat and mass transfer tubular reactors with channel widths of cen-

timeters and sub milimeters have been used. Especially in catalysis and kinetics re-

search micro- and milli reactors have become a workhorse, due to the high mass and

heat transfer rates [30–33]. For single phase, gas-liquid and liquid-liquid reactions

these reactors are already laboratory standard. Using empty channels, these reactors

are preferably operated in the Taylor-flow regime resulting in a low residence time

distribution [34]. The catalyst has to be applied as a coating on the reactor wall.

Alternatively, these reactors can be packed with particles, which allows a simple re-

placement of the catalyst [31]. This shows, however, more complex hydrodynamics

compared to empty channels [30, 35]. This can be avoided by pre-saturating the

liquid with the gas-compound.

1.4.5 Rotating packed bed reactors

As already discussed, using trickle bed reactors the liquid flow is driven downwards

by gravity, which is a very weak force compared to other forces. In order to enhance

the mass transfer processes, rotating packed bed reactors have been developed. Solid

foam blocks have first been applied in the biotechnology as support for the growth

of microorganisms, such as algae or bacteria [37]. Slow rotation has to be applied in

order to provide sufficient transport of nutritions, but minimize the shear induced by

the liquid.

For the application in the chemical industry various rotating bed reactor types have

been applied both industrially and in research and development. For gas-solid reac-

tions basket reactors have been used for decades in order to obtain kinetic parame-

ters and study the performance of catalysts. Karapantsios et al. describes a rotating

packed bed reactor with a horizontal axis for three phase reactions [38]. Applying

a slow rotation the bed sections are periodically wetted and saturated with gas. At

higher rotational speeds only the outer ring is wetted, while the center part of the

rotating bed remains dry.

For industrial purpose, high gravity rotating packed bed reactors using the gas as

continuum have been developed, as shown in Figure 1.3c [39–49]. The bed having

a shape of an open cylinder is rotated around a vertical axis with high speeds up

to several thousands rotations per minute. From the center liquid is sprayed onto

the bed. It moves then outwards driven by the centrifugal forces as rivulets at low

rotational speed up to 600 rpm and as drops at higher rotational speeds. Due to in-

sufficient wetting of the solid surface, these reactors find their main applications as

gas-liquid contactors for absorption or stripping [50–52]. Figure 1.3c shows an ab-

sorption unit where gas is fed at the outer section. Covering the packed bed, also
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co-current, counter-current and cross flow can be applied. The properties of these

HIGEE reactors will further be covered in the next chapters of this thesis.

1.5 Objective and Thesis outline

In this work the use of rotating solid foam stirrers is investigated. The liquid is used

as continuum and the packings are applied as mixers in order to form and break

up bubbles. At the same time the catalyst is immobilized on these structures. The

reactor configurations are compared to a standard slurry system equipped with a

Rushton turbine.

In order to be considered as alternative for slurry reactors, the solid foam stirrers

have to fulfill two requirements. First the mass transfer rates have to be at least as

high as for slurry reactors at a similar power input. This is studied in the first two

chapters. Subsequently the catalyst preparation is discussed and the reactor is tested

using a three-phase model reaction. The thesis outline is as follows:

• Chapter 2 compares the gas-liquid mass transfer rate for two foam stirrer de-

signs, a foam blade stirrer and an foam block stirrer, with a Rushton stirrer.

• In Chapter 3 the liquid-solid mass transfer is discussed comparing the foam

block stirrer to slurry particles of different density.

• In Chapter 4 the gas holdup for a foam block stirrer is studied for different

liquid properties and foam block structures and conclusions are drawn on the

effects on mass transfer processes.

• Chapter 5 discusses catalyst deposition methods for foam block materials. The

prepared coatings are characterized and tested concerning their mechanical sta-

bility.

• In Chapter 6 glucose oxidation is used as three-phase model reaction. The re-

action rate and mass transfer processes are compared between foam block stirrer

and slurry catalysts. Based on that calculations are performed for an industrial

process.

• Finally, in Chapter 7 the work is summarized and recommendations for further

studies and optimization are given.
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2
Gas-Liquid Mass Transfer in Rotating

Solid Foam Reactors*

Three-phase reactor designs based on rotating solid foams for the application in the

fine chemical industry are developed. The aim is to use solid foams both as a catalyst

support and stirrer in order to mix the gas and liquid phases and create fine gas

bubbles. Gas-liquid mass transfer data are presented for different solid foam stirrer

configurations and compared to an optimized Rushton stirrer. Solid foam stirrers

were developed in a blade and a block design. Both configurations work at stirring

rates below 600 rpm. Using the foam blade design, gas bubbles are mainly created

by the turbulence at the gas-liquid interface. Large bubbles are broken up by the

foam blades. Using a foam block design, rotation leads to a structuring of the reactor

volume into sections strongly differing in gas holdup, flow behavior and bubble size

distribution. This results in a gas-liquid mass transfer, which is 50 % higher than

the Rushton stirrer used as comparison. The foam stirrer designs can be easily used

in ordinary three-phase reactors and show a high potential for further optimization

of the gas-liquid flow pattern and therefore for further increase of the rate of mass

transfer.

*Published as: Tschentscher, R.; Njhuis, T. A.; van der Schaaf, J.; Kuster, B. F.

M.; Schouten, J. C. Gas-liquid mass transfer in rotating solid foam reactors. Chem.

Eng. Sci. 2010, 65, 472.
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CHAPTER 2. GAS-LIQUID MASS TRANSFER

2.1 Introduction

2.1.1 Three-phase reactors

The production of fine chemicals and pharmaceuticals is commonly performed in

batch reactors using slurry catalysts, due to their high flexibility. However, the cata-

lyst particles need to be filtered from the slurry when the reaction is finished, which

is a costly and time consuming operation. Furthermore, shear between moving par-

ticles results in abrasion and re-usage of the filtered catalyst is often not possible.

Due to the operation at elevated temperatures and the use of highly active egg-shell

catalysts, three-phase processes are often mass transfer limited.

In the starting phase of a batch process, the gas-liquid mass transfer is rate limiting,

due to the low solubility of the gaseous reactants in the liquid phase. To increase the

gas-liquid mass transfer, these processes operate at increased pressure. For industrial

hydrogenation of fine chemicals, pressures higher than 50 bar are common [1]. It can

also be improved by reduction of the bubble size and increase of turbulence around

the bubbles.

In the final stage of a the batch process, the concentration of the liquid reactant is

reduced. The liquid-solid mass transfer of the liquid reactant is then the rate limiting

step, due to the low diffusivity compared to the dissolved gaseous reactant [2, 3].

This is especially important in the fine chemical industry, where solvents are used.

The liquid-solid mass transfer is therefore strongly dependent on the velocity of the

liquid at the catalyst surface. In slurry reactors the particles are moving with the

liquid, which results in a low liquid-solid mass transfer. In very viscous media slurry

particle agglomerates are not broken up efficiently by the stirring action. It results in

a reduced liquid-solid interface and can further lead to insufficient heat removal and

the formation of undesired byproducts, especially in partial hydrogenation and oxi-

dation processes. The objective of this work is therefore to develop new three-phase

reactor configurations based on the application of solid packings, such as open cell

solid foams. The focus of this chapter is the introduction of the solid foam stirrer

designs and the study of the gas-liquid mass transfer in comparison to a Rushton

stirrer.

2.1.2 Solid foams

Open cell solid foams show a good mechanical stability, a high porosity, and a high

specific surface area, which offers great potential for their use as catalyst supports.

They consist of a network of struts forming cells connected by pores, as shown in

Figure 2.1 [4]. The solid foam surface area is correlated to the strut diameter, the

pore size and bed porosity. The specific surface area can be further increased by
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Figure 2.1: Structure of an aluminum foam from ERG Aerospace consisting of cells

connected by pores, pore count 10 pores per inch (ppi), porosity 0.93.

deposition of a catalyst wash-coat or by the growth of nanofibers [5]. Stemmet et

al. studied the rate of gas-liquid mass transfer for co-current and counter-current

gas-liquid up-flow and down-flow operations of reactors packed with open cell solid

foams [6]. Due to the high porosity, the pressure drop is significantly reduced and,

for example in a co-current up-flow configuration, the rate of gas-liquid mass trans-

fer is clearly enhanced. Compared to honeycomb monoliths the mixing is strongly

increased, especially in directions perpendicular to the flow, due to the continuous

disruption of the flow pattern [7]. Fluid streams split and combine, when passing

the pores and small turbulences behind the struts contribute to the mixing [4]. Nev-

ertheless, a better mixing of the phases and smaller gas bubbles and an enhanced

liquid-solid mass transfer could be obtained by additional rotation of the foam.

2.1.3 Rotating foam reactor designs

In stationary trickle bed reactors, the flow of liquid is driven by the gravity. Rotation

of the packed bed creates radial forces, which are several magnitudes higher than

the gravitational forces. The high velocities lead to a fine dispersion of the gas and

liquid phase. Applied in chemical processes, this can strongly increase the rates of
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gas-liquid and liquid-solid mass transfer. Reactors based on rotating foams, such as

the HIGEE reactor, developed by Ramshaw, are already applied industrially for gas-

liquid reactions, de-aeration and distillation processes [8–16]. However, for these

designs the flow is not homogeneously distributed over the foam bed. At lower ro-

tational speed flow rivulets are formed, while at high rotational speed fine drops are

created, which do not wet the surface of the foam struts homogeneously [8]. This

can lead to maldistribution and crystallization of reactants on the dry sections of the

strut surface. Furthermore the liquid has to be recycled externally.

In this work rotating foam reactors for fine chemical industry are developed. The

idea is to use solid foam blocks as stirrers in order to mix the reaction components

and disperse the gas reactant into fine bubbles but also to apply the foam as catalyst

support. The reactor designs are shown in Figures 2.2 and 2.3.

Figure 2.2: Principle of the 2-blade solid foam reactor equipped with four baffles.

Strong turbulence at the gas-liquid interface creates bubbles, which are broken up

when hitting the foam blades and baffles. Gas and liquid flow through the blades, on

which the catalyst is deposited.

For both designs, the solid foam is completely immersed into the liquid, which en-

sures a good wetting of the catalyst surface. The reaction mixture can be drained

off easily, without any need to filter the catalyst particles. In order to benefit from
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Figure 2.3: Principle of the foam block reactor. Rotation induces liquid circulation

as shown by the arrows. The center section (A) shows high gas-holdup. In the center

section fine bubbles are created and transported through the foam structure (B). From

there, the liquid-gas dispersion flows outwards to section (C). Baffles improve the

turbulence, while the dispersion circulates back to section (A).

the advantages over slurry reactors concerning catalyst immobilization, the interfa-

cial mass transfer has to be at least comparable to a Rushton stirrer. In this work the

gas-liquid mass transfer is studied for the two reactor designs and compared to an

optimized Rushton stirrer.

2.2 Experimental

Gas-liquid mass transfer was measured in a 5 L glass reactor with an inner diameter

of 200 mm and a height of 200 mm. All experiments were performed at 20 ◦C. The

reactor was equipped with four baffles with a width of 10 mm and a thickness of 1.5

mm. Additionally, in some experiments a lid was inserted at a height of 85 mm in

order to reduce the vortex formation. This lid in form of a ring shape has a thickness

of 1 mm. The outer diameter was 200 mm to ensure good contact to the reactor wall.

The inner diameter was 100 mm. The blade stirrer, as shown in Figure 2.2, consist
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of aluminum foam pieces with an area of 50x50 mm and a thickness of 10 or 20 mm.

Foam pore sizes of 10 and 20 ppi were used. Every blade was fixed on two hollow

steel tubes, which were soldered to a hollow stirrer shaft. This allows the induction

of gas bubbles at the foam blades. The blades were placed at a distance of 25 mm to

the reactor bottom. The outer diameter of the stirrer was 150 mm.

The foam block stirrer consists of aluminum foam or polymer foam with a pore size

of 10 ppi each. These blocks have a porosity of 0.93 and 0.89 m3
voidm−3

bed, respec-

tively. Optical investigations showed similar strut diameters and pore sizes. The

diameter of the foam blocks is 150 mm and the height is 50 mm. The foams were

fixed on a steel frame at a distance of 10 mm to the reactor bottom. On the frame,

below the foam block, six hollow tubes were installed in order to induce gas bubbles

at the outer block diameter. The foam block designs were modified by cutting out the

middle section. In the first design this section has a cylindrical shape with a diameter

of 50 mm, as shown in Figure 2.3. An additional modification is to use a conical

shape with top diameter 50 mm and bottom diameter 100 mm.

As comparison a 6-blade Rushton stirrer with a diameter of 100 mm and a blade size

of 35x25 mm was mounted on a hollow shaft in order to allow gas induction. The

distance to the reactor bottom was 35 mm. In preliminary experiments it was found

that the foam blade and the Rushton stirrer work optimally using a liquid volume of

3 L, while for the foam block designs the optimal volume was 2.5 L. Using lower

liquid volumes the wetting of the foam stirrer is insufficient. Especially in case of

the foam block a dry section is formed in the reactor center section around the stirrer

shaft. Using more liquid, the gas holdup is strongly reduced and the ratio of solid

foam volume to liquid volume is reduced. In this work we used distances of 35 mm,

25 mm and 15 mm between stirrer and the gas-liquid interface for the Rushton stirrer,

foam blade and foam block, respectively.

The gas-liquid mass transfer was measured spectrometrically using the system oxygen-

water [17]. An AVS-OXYProbe 1.5 oxygen sensor from Avantes was used to mea-

sure the concentration of the dissolved oxygen. This fiber optic probe contains a

fluorescing Ruthenium complex immobilized at the sensor tip. This design excludes

any influence of passing bubbles on the signal. The intensity of the fluorescing peak

at a wavelength of 600 nm depends on the oxygen concentration. Placing the probe

into a beaker saturated with pure oxygen and nitrogen showed a response time of less

than half a second. The light with a maximum at 465 nm was supplied by a AvaLight

LED. The reflected and fluorescence light was measured using the AvaSpec-2048

spectrometer from Avantes. The baseline intensity IDark was measured by switching

off the light source. After subtracting IDark, the intensity of the fluorescing light I600
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was normalized by the intensity of the reflected light I465:

In =
I600nm,Sample − I600nm,Dark

I465nm,Sample − I465nm,Dark

[−] (2.1)

The oxygen concentration can be calculated using the Stern-Volmer-equation:

cO2
=

In,N2

In
−1

KSV
[mol m−3

L ] (2.2)

In,N2
is the intensity at zero oxygen concentration and KSV is the Stern-Volmer con-

stant, which is calculated using the intensity at high known oxygen concentration.

The pressure was measured using a HUBA Control Pressure sensor with a range of

0-3 bar. Two different measurements, referred to as starting phase and steady state,

were performed. The measurement of the starting phase was done by first flushing

the reactor with nitrogen in order to remove any oxygen. Then the stirrer was stopped

for one minute and the gas volume was flushed with oxygen. Then the gas flow was

stopped, the stirrer was restarted and the oxygen uptake rate was measured. The

oxygen concentration in the gas phase changed less than 2 vol% and can therefore be

assumed to be constant. The steady state measurements were performed in the fol-

lowing way. The reactor was stirred for at least 5 minutes. The reactor was flushed

with pure oxygen and the pressure was increased to 1.2 bar. When the oxygen con-

centration in the liquid phase was constant, the pressure was decreased rapidly to 0.6

bar using a vacuum pump and the oxygen desorption rate was measured. The oxygen

concentration in the gas phase did not change more than 3 vol% and can be assumed

to be constant. In both measurements the change of the oxygen concentration in the

bulk liquid cO2,Bulk from the initial concentration cO2,Start to the equilibrium concen-

tration cO2,End was recorded. The gas-liquid mass transfer is by definition:

cO2,Bulk
∫

cO2,Start

dcO2,Bulk

cO2,i − cO2,Bulk
= kGLaGLt (2.3)

where cO2,i is the oxygen concentration at the gas-liquid interface, kGL is the liquid

side mass transfer coefficient at the gas-liquid interface [m3
Lm−2

GLs−1], aGL is the gas-

liquid interfacial area per unit volume of liquid [m2
GLm−3

L ], and t is the time [s] [17].

The change of the oxygen concentration in the gas phase due to the oxygen absorp-

tion or desorption is less than 3 vol%. The oxygen concentration at the gas-liquid

interface, cO2,i, is assumed to be the concentration at the end of the measurement,

cO2,End, when the second steady state is reached. Integrating equation (3) and insert-
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ing equations (1) and (2), kGLaGL can be calculated:

kGLaGL = ln

(

I−1
n,End − I−1

n,Start

I−1
n,End − I−1

n

)

· t−1 [s−1] (2.4)

Repeated measurements showed a relative error of less than 5 %. The applied torque

was measured using a Viscoklick VK 600.1 torque meter from IKA. The relative

error was less than 5%. The power consumption per volume of liquid was calculated

as:

PL =
2πτstirrerω

VL
[Wm−3

L ] (2.5)

Here, τ is the torque and ω is the rotational speed. VL is the liquid volume used.

2.3 Results & Discussion

2.3.1 Foam blade stirrers

The foam blade design shown in Figure 2.2 is investigated concerning blade thick-

ness, pore structure and tilting angle. Similar stirrer configurations have been devel-

oped using monoliths and catalytic fibers [18–20]. Hoek measured kGLaGL using hy-

drogen absorption in ethanol, so these gas-liquid mass transfer results can therefore

not be compared with this work [18]. However, the power consumption per volume

of liquid is comparable to the results of this work. Gas-liquid mass transfer depend-

ing on the stirrer speed and power input is shown in Figure 2.4. Visual study showed

that the bubbles are mainly created by the turbulence at the gas-liquid interface as a

result of the liquid flow around the blades. At a rotational speed below 200 rpm, only

a small number of bubbles is formed. At rotational speeds between 200 and 300 rpm

the bubble formation is strongly increased resulting in a strong enhancement of the

mass transfer. All 10 ppi foam designs show a similar behavior for rotational speeds

lower than 300 rpm. The size of the bubbles is between 2 and 5 mm and therefore

in the same range as the pore sizes of the solid foams used. No gas pockets behind

the foam blades were observed, which shows that there is still a significant liquid

flow through the foam blades. At rotational speeds higher than 300 rpm, the bubbles

are broken by the turbulence and collision with the struts, when entering the foam

structure. A large number of bubbles with sizes less than a millimeter are formed.

Gas bubbles at the blades are induced at velocities higher than 250 rpm. At rota-

tional speeds higher than that, the kGLaGL-values for the 20 mm foam blade with and

without gas induction clearly deviate (Figure 2.4). At a stirrer speed of 600 rpm the

contribution of the bubbles created by gas induction is around one third of the overall
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Figure 2.4: Gas-liquid mass transfer for foam blade stirrers depending on rotational

speed (a) and power input (b). Foam pore size 10 and 20 ppi, foam blade thickness

10, 20 mm, blade tilting angle 90◦ and 45◦, with and without gas induction.

mass transfer. Still, the main amount of bubbles is formed by the turbulence at the

gas-liquid interface.

In Figure 2.4 also the comparison of 10 ppi foam blades with thicknesses of 10 and

20 mm is shown.

A thicker blade creates more turbulence at the gas-liquid interface and therefore more

bubbles, which results in higher mass transfer. The mass transfer using tilted foam

blades leads to similar effects. The tilting reduces the turbulence at higher rotational

speeds leading to a kGLaGL of only 0.17 s−1 at a rotational speed of 600 rpm. Bubbles

can also be broken by collisions with the struts. However, for that the flow through

the foam structure has to be significantly larger.

Studying the hydrodynamics of solid foams, Stemmet et al. observed an increase of

the frictional pressure drop with smaller pore sizes, due to the increasing number of

struts disrupting the gas-liquid flow [20]. The use of smaller pores should increase

the pressure drop of the flow through the foam blade. The pressure drops of the flow

around and through the foam are equal. Therefore more liquid should flow around the

foam. This results in slightly increased power input. However, comparing the mass

transfer of blades with 10 mm thickness and pore sizes of 10 and 20 ppi, no differ-

ence can be found. The explanation could be that the bubble breakup by collisions

through the foam structure is negligible and the main mechanisms are turbulence and

gas induction. Furthermore, above 300 rpm, the mass transfer rates do not increase

that steeply. It becomes even more visible comparing the mass transfer to the power

input in Figure 2.4B. The torque increases linearly with the stirring speed, leading to

a quadratic increase of the power input. This, nevertheless, does not lead to an ade-

27



CHAPTER 2. GAS-LIQUID MASS TRANSFER

quate bubble break up and therefore the mass transfer does not increase that strongly.

The performance of the best stirrer, the 10 ppi foam blade with a thickness of 20 mm,

was also measured at steady state. Comparing the mass transfer to the starting phase

shows only a minor increase of the kGLaGL-values. This is further discussed when

comparing the different stirrer designs in section 2.3.3.

2.3.2 Foam block stirrer

The radial forces applied by the rotation of the foam block lead to a liquid flow

through the foam structure. The baffles then direct the liquid flow back into the cen-

ter section on top of the foam structure. However, if a solid block is rotated, liquid

is accumulated at the outer section of the reactor and does not circulate effectively

through the center of the block. A dry section is created in the middle of the reactor

leading to insufficient use of the catalyst deposited on the foam block. In addition,

this results in a low gas-liquid mass transfer. At a maximum stirring speed of 275

rpm, a kGLaGL value of 0.06 s−1 was obtained. Cutting out a cylindrical section, as

shown in Figure 2.3, strongly increases the liquid circulation.

A small modification of this donut-shape foam block is to use a conical center section

with a larger inner diameter at the bottom and a smaller diameter at the top, similar

to an oxygen cone used for water treatment. We furthermore used a polymer foam

having a conical center section. The material has a comparable pore size, poros-

ity and dimensions as the aluminum block. The pores are, however, not all entirely

open. Several pores are completely closed by small membranes between the struts.

The kGLaGL-values for the three foam block designs investigated are shown in Figure

2.5. At rotational speeds lower than 100 rpm, oxygen is mainly transferred through

the liquid surface. The turbulence is not high enough to create bubbles, resulting in

a low mass transfer. At a rotational speed higher than 120 rpm, the vortex is large

enough to achieve a fast liquid flow into the center section of the foam block.

Due to the strong bubble formation in the center section, a high gas holdup is achieved.

Entering liquid is saturated with gas and flows then through the foam block driven

by the radial forces. Comparing the kGLaGL-values at the starting phase, no signifi-

cant difference between the three foam blocks can be found. With the time the large

bubbles of a few millimeters are broken into very fine bubbles with diameters in the

sub millimeter range. These fine bubbles are circulating with the liquid through the

foam structure. Dispersed bubbles flowing through packed beds experience fast pres-

sure fluctuations, which results in a high mass transfer [21]. This can be observed in

Figure 2.5 by comparing the mass transfer between the start of stirring and at steady

state. This steady state of bubble breakup and coalescence is achieved after at most

a few minutes depending on the stirrer speed.

Using a conical center section instead of a cylindrical one, large bubbles are trapped
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Figure 2.5: Gas-liquid mass transfer for foam block stirrers depending on rotational

speed (A) and power input (B). Foam pore size 10 ppi.

much better in the middle section. There they are broken up by the liquid flow or de-

crease in size by the absorption of gas. This small modification strongly increases the

number of small bubbles and therefore the mass transfer compared to the foam block

having a cylindrical center section. Using a polymeric foam block the pressure drop

of the flow through the foam structure is increased. At low rotational speed between

120 and 180 rpm, this is advantageous compared to the aluminum foam (Figure 2.5).

The liquid level in the center section is higher. More gas bubbles are trapped, which

can be broken into fine bubbles. This results in a high mass transfer of the polymer

foam at these low rotational speeds. However, at rotational speeds above 200 rpm

also larger gas bubbles are circulating with the liquid and can be broken by the col-

lisions with the foam struts. Here the low pressure drop of the aluminum foam leads

to a better circulation, faster bubble flow through the structure, and therefore to a

higher mass transfer compared to the polymer foam.

So far, the gas-liquid mass transfer is mainly a result of the liquid flow passing the

larger bubbles in the center section and the contribution of the fine bubbles circulat-

ing with the liquid. In the foam structure and the outer section only small bubbles are

found. The gas holdup is less than 5 %. With higher bubble concentration the mass

transfer would also increase due to the larger interfacial area. To induce gas bubbles

at the outer diameter of the foam block, six hollow tubings were installed below the

foam block. Comparing Figures 2.5 and 2.6 one can see that the gas induction takes

place at rotational speeds higher than 250 rpm.

For all foam blocks studied, the mass transfer is increased. However, the aluminum

foam with a conical center section shows a much better performance than the two
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Figure 2.6: Gas-liquid mass transfer for foam block stirrers with gas induction de-

pending on rotational speed (A) and power input (B). Foam pore size 10 ppi.

other foam blocks. Smaller bubbles created can circulate faster through the foam

structure due to the lower pressure drop compared to the polymer foam. Further-

more, larger bubbles are trapped in the center section increasing the gas holdup in

that reactor part. For optimization more tubings for gas induction can be installed

below the foam block. At this position, close to the reactor bottom, liquid flows in

in radial direction. More tubings do not disturb the flow profile but increase the gas

holdup. Here no steady state measurements are shown. These could only be per-

formed at rotational speeds up to 250 rpm for the foam block stirrer. At these low

stirring speeds gas induction does not take place.

At higher rotational speed the vortex increases, which leads to insufficient flow of liq-

uid into the center and the creation of a dry section. This results in constant kGLaGL-

values for the steady state curves at power consumption above 2500 Wm−3
L (Figures

2.5 and 2.6). The use of a simple lid above the liquid surface reduces this vortex

and directs the liquid flow into the center. Comparing the steady state curves with

and without lid in Figures 2.6 and 2.7, two conclusions can be drawn. In the power

range below 3500 Wm−3
L , the mass transfer is reduced using a lid compared to Figure

2.6. The reason is that the interface on top of the liquid is partially reduced by the

lid. This interface contributes significantly to the bubble formation at low rotational

speed. Furthermore, the vortex is reduced and the liquid circulation is disturbed by

the lid. This also slightly increases the power input. Furthermore, liquid settles on

the lid due to insufficient connection between the lid and the reactor wall. This could

be easily avoided by the reduction of the reactor height instead of using a lid. For

the two aluminum foams the mass transfer at high power consumption is still almost

linearly increasing, leading to kGLaGL-values of about 0.19 s−1 for the aluminum
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Figure 2.7: Gas-liquid mass transfer for foam block stirrers with gas induction and

lid above stirrer depending on rotational speed (A) and power input (B). Foam pore

size 10 ppi.

foam with conical center section. Clearly, using a lid and gas induction below the

foam block together with an improved foam block design results in high mass trans-

fer rates.

These results also show that there is high potential in optimizing the reactor. The

shape of the center section has a strong influence on the liquid inflow, the bubble

entrapment, and therefore on the creation of small bubbles. The shape of the center

section together with the reactor volume determine the volume of the foam block and

therefore the surface area available for catalyst deposition. The use of solid foams

having smaller pores increases this area but also increases the pressure drop and re-

duces the liquid circulation. The reactor volume between foam block and reactor

wall the liquid the mass transfer can be further optimized by increased gas induction.

Also the liquid has to be directed back into the center section. This can be improved

by using a convex shape of the reactor wall and extending the baffles to the top plate.

2.3.3 Comparison between the foam stirrers

Using a foam block design, a large part of the reactor volume is occupied by the

foam structure. The specific surface area per reactor volume, which can be used for

catalyst deposition, is thereby strongly increased compared to the foam blade stirrer.

Concerning the hydrodynamics, for all stirrers, bubbles with a size less than 5 mm

were formed at higher rotational speed.

Figure 2.8 shows the performance of the 10 ppi foam blade stirrer with a blade thick-

ness of 20 mm and the 10 ppi foam block stirrer with conical center section. As
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Figure 2.8: Gas-liquid mass transfer depending on power input for foam designs

compared to Rushton stirrer. Aluminum foam block with conical center section, 10

ppi, foam blade 20 mm thickness, 10 ppi. All stirrers gas inducing.

comparison a Rushton stirrer with a diameter half of the reactor diameter was used.

All stirrers induce gas bubbles at rotational speeds higher than 250 rpm. For the

Rushton stirrer this is the main mechanism of bubble formation. A high rotational

speed of 500 rpm is needed to achieve a kGLaGL value of 0.1 s−1.

The foam stirrers mainly create gas bubbles by turbulence and liquid circulation due

to their larger diameter and height. They operate at much lower rotational speed.

However, comparison of the power inputs in Figure 2.8 shows a similar performance

for the Rushton stirrer and the foam blade stirrer. Both show a high increase of mass

transfer with power input in the low power range. At around 1500 Wm−3
L the slope

of the kGLaGL-curve is reduced. Higher rotational speeds mainly increase the energy

dissipation by turbulence, but do not significantly lead to increased bubble breakup

and higher mass transfer. However, the foam blade shows kGLaGL-values, which are

around 25 % higher than the Rushton stirrer.

The foam block shows the best performance. Already at very low rotational speed,

the liquid is circulating and fine gas bubbles are created in the center part. At higher

power input the mass transfer rates are still nearly linearly increasing. A kGLaGL-

value just below 0.19 s−1 was obtained at a power input of 5700 Wm−3
L . This is

around 50% higher than obtained for the Rushton stirrer. The reactor volume is

mainly filled by the foam structure and optimization of the reactor design can lead to

improved liquid flow and therefore enhanced mass transfer.
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2.4 Conclusions & Outlook

Solid foam stirrers can easily be implemented in three phase reactors. The foam de-

signs show a gas-liquid mass transfer which is higher than a Rushton stirrer. They

can easily be operated at steady state conditions due to the immobilization of cat-

alyst. Especially the foam blocks show gas-liquid mass transfer rates higher than

that of a Rushton stirrer. It is furthermore believed that the liquid-solid mass transfer

is increased compared to a slurry reactor, due to the fast liquid flow over the cata-

lyst surface. In slurry reactors the catalyst particles are moving with the liquid and

the catalyst surface is hardly refreshed. This aspect of the rotating foam reactor is

covered in the following chapter.

33



References

[1] Chen, B.; Dingerdissen, U.; Krauter, J. G. E.; Lansink Rotgerink, H. G. J.;

Moebus, K.; Ostgard, D. J.; Panster, P.; Riermeier, T. H.; Seebald, S.; Tacke,

T.; Trauthwein, H.

New developments in hydrogenation catalysis particularly in synthesis of fine

and intermediate chemicals.

Appl. Catal. A-Gen. 2005, 280, 17.

[2] Datsevich, L. B.; Mukhortov, D. A.

Pre-saturation in multiphase fixed-bed reactors as a method for process inten-

sification/reactor minimization.

Catal. Today 2007, 120, 71.

[3] Datsevich, L. B.; Mukhortov, D. A.

Comparative analysis of industrial processes (experience of development and

industrial implementation).

Appl. Catal. A-Gen. 2004, 261, 143.

[4] Fourie, J. G.; Du Plessis, J. P.

Pressure drop modelling in cellular metallic foams.

Chem. Eng. Sci. 2002, 57, 2781.

[5] Wenmakers, P. W. A. M.; van der Schaaf, J.; Kuster, B. F. M.; Schouten, J.C.

Hairy foam, carbon nanofibers grown on solid foam; a fully accessible, high

surface area, graphitic catalyst support.

J. of Mater. Chem. 2008, 18, 2426.

[6] Stemmet, C. P.; Meeuwse, M.; van der Schaaf, J.; Kuster, B. F. M.; Schouten,

J. C.

Gas-liquid mass transfer and axial dispersion in solid foam packings.

Chem. Eng. Sci. 2007, 62, 5444.

[7] Patcas, F. C.; Garridoa, G. I.; Kraushaar-Czarnetzki, B.

CO oxidation over structured carriers: A comparison of ceramic foams, hon-

eycombs and beads.

Chem. Eng. Sci. 2007, 62, 3984.

[8] Burns, J. R.; Ramshaw, C.

Process intensification: visual study of liquid maldistribution in rotating

packed beds.

Chem. Eng. Sci. 1997, 52, 455.



REFERENCES

[9] Burns, J. R.; Jamil, J. N.; Ramshaw, C.

Process intensification: operating characteristics of rotating packed beds - de-

termination of liquid hold-up for a high-voidage structured packing.

Chem. Eng. Sci. 2000, 55, 2401.

[10] Dhiman, S. K.; Verma, V.; Rao, D. P.; Rao, M. S.

Process intensification in a trickle-bed reactor : Experimental studies.

AIChE J. 2005, 51, 3186.

[11] Liu, H.-S.; Lin, C.-C.; Wu, S.-C.; Hsu, H.-W.

Characteristics of a Rotating Packed Bed.

Ind. Eng. Chem. Res. 1996, 35, 3590.

[12] Lin, C.-C., Ho, T. J.; Liu, W.-T.

Distillation in a rotating packed bed.

J. Chem. Eng. Jpn. 2002, 35, 1298.

[13] Lin, C.-C.; Liu, W.-T.; Tan, C.-S.

Removal of carbon dioxide by absorption in a rotating packed bed.

Ind. Eng. Chem. Res. 2003, 42, 2381.

[14] Chen, Y.-S.; Lin, F.-Y.; Lin, C.-C.; Tai, C. Y.-D.; Liu, H.-S.

Packing Characteristics for Mass Transfer in a Rotating Packed Bed.

Ind. Eng. Chem. Res. 2006, 45, 6846.

[15] Jiang, Y.; Khadilkar, M. R.; Al-Dahhan, M. H.; Dudukovic, M. P.

CFD of multiphase flow in packed-bed reactors: I. k-Fluid modeling issues.

AIChE J. 2002, 48, 701.

[16] Jiang, Y.; Khadilkar, M. R.; Al-Dahhan, M. H.; Dudukovic, M. P.

CFD of multiphase flow in packed-bed reactors: II. Results and applications.

AIChE J. 2002, 48, 716.

[17] Teramoto, M.; Tai, S.; Nishii, K.; Teranishi, H.

Effects of Pressure on Liquid-Phase Mass Transfer Coefficients.

Chem. Eng. J. 1974, 8, 223.

[18] Hoek, I.

Towards the Catalytic Application of a Monolithic Stirrer Reactor.

Ph.D thesis, TU Delft, Netherlands, 2004.

[19] De Greef, J.; Desmet, G.; Baron, G.

Micro-fiber elements as perfusive catalysts or in catalytic mixers: Flow, mix-

35



REFERENCES

ing and mass transfer.

Catal. Today 2005, 105, 331.

[20] Hoeller, V.; Ruzicka, M.; Drahos, J.; Kiwi-Minsker, L.; Renken, A.

Acoustic and visual study of bubble formation processes in bubble columns

staged with fibrous catalytic layers.

Catal. Today 2003, 79-80, 151.

[21] Bordas, M. L.; Cartellier, A.; Sechet, P.; Boyer, Ch.

Bubbly flow through fixed beds: Microscale experiments in the dilute regime

and modeling.

AIChE J. 2006, 52, 3722.

36



3
Liquid-Solid Mass Transfer in Agitated

Slurry Reactors and Rotating Solid Foam
Reactors*

The liquid-solid mass transfer rate is studied for two three-phase reactor configu-

rations, a stirred reactor and a rotating solid foam reactor, using the dissolution of

copper by potassium dichromate as a model reaction. For the slurry reactor equipped

with a Rushton stirrer, the particle density has a large influence on the liquid-solid

mass transfer rate. Heavy particles show high slip velocities as their path is less

influenced by the liquid turbulence. Furthermore, the mass transfer is enhanced by

neighboring particles passing each other. In case of solid copper particles, a kLS-

value of 3 · 10−3 ms−1 was observed. For particles having a density comparable to

industrially catalyst supports, the kLS-value is one order of magnitude lower. For the

rotating foam block stirrer also high kLS-values of 2.5 ·10−3 ms−1 could be achieved

due to the high liquid velocity along the foam struts. The influence of several param-

eters on the hydrodynamics and the liquid-solid mass transfer was studied. Among

these the foam block height, the foam pore size, and the space above the foam block

stirrer have a large effect on the liquid circulation, the bubble formation and therefore

on the liquid-solid mass transfer. The reduction of the foam pore size has two coun-

terbalancing effects resulting only in a slight increase of the rate of mass transfer:

i) the liquid-solid interfacial area is increased; ii) the liquid circulation is reduced

due to the higher frictional pressure drop. Gas bubbles passing the foam struts affect

the liquid-solid mass transfer by inducing liquid velocity fluctuations. For the foam

block stirrer a maximum kLSaLS-value of 0.6 s−1 was obtained. This shows great

potential for further optimization of the liquid flow and therefore the mass transfer.

*Published as: Tschentscher, R.; Njhuis, T. A.; van der Schaaf, J.; Schouten, J. C.

Liquid-solid mass transfer in agitated slurry reactors and rotating solid foam reactors.

Ind. Eng. Chem. Res. 2010, 21, 10758.
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CHAPTER 3. LIQUID-SOLID MASS TRANSFER

3.1 Introduction

3.1.1 Three-Phase Reactors

Three-phase batch reactors using slurry catalysts are widely used in the fine chemical

and pharmaceutical industry. The use of slurry particles has, however, several draw-

backs, such as the need to filter the catalyst from the reaction mixture downstream

the reactor. Due to the high shear, particle abrasion can occur resulting in washing

out of catalyst. This amount has to be added periodically. In low shear reactor sec-

tions also agglomeration of particles can lead to internal diffusion limitations and the

formation of byproducts [1]. Therefore, several research groups are working on the

use of highly porous materials, such as fiber mats, monoliths and solid foams both

as catalyst support and stirrer in catalytic stirred reactors. These structures have a

high specific surface area, which is essential for the use as catalyst support. A low

pressure drop is observed, when liquid flow is applied, due to the high porosity [2–9].

This low resistance to flow is essential for using these structures as a stirrer, since a

high liquid circulation through the porous bed has to be achieved. In this work solid

foams are applied. They show a high mechanical stability and a high radial mixing

of fluid flow, due to the splitting and recombination of fluid streams when passing

the struts [10].

3.1.2 Rotating Foam Reactors

Rotating foam reactors can be divided into two groups based on the continuum phase

that is used. In HIGEE reactors the gas is present as continuum [11, 12]. The liquid

is sprayed onto the foam block in the center and moves outwards as drops or rivulets

driven by the radial forces. This results in a poor wetting of the catalyst surface and

a strong maldistribution of the liquid flow [13, 14]. In this work the liquid is used as

continuum. The concept of solid foams rotating in liquids has already been used in

the biochemical industry in order to immobilize microorganisms [15]. Slow rotation

provides a sufficient feed flow through the bed without shearing off the cells. The aim

of the work presented in this chapter is to use heterogeneous catalysts, such as noble

metals or metal oxides supported on solid foam structures. High rotational speeds

and high shear forces at the solid surface of the catalyst support are applied in order

to achieve a high mass transfer. In the previous chapter the concept of a foam block

reactor has been introduced for fast three-phase reactions and the gas-liquid mass

transfer was studied [16]. The foam block stirrer fills out a large part of the reactor

volume resulting in an even distribution of the applied momentum. The rotation

of a donut-shaped foam block leads to a fast liquid circulation. Large bubbles are

trapped in the center section, while small bubbles rotate through the foam structure.
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Thereby a high gas-liquid mass transfer is achieved compared to the Rushton stirrer.

In a three-phase process, a fast liquid-solid mass transfer is, however, also of great

importance.

3.1.3 Liquid-Solid Mass Transfer

Three-phase batch processes are commonly performed at high pressures in order to

increase the solubility of the gas component and thereby increase the reaction rate.

For the industrial hydrogenation of fine chemicals, pressures higher than 50 bar are

common [17]. The saturation concentration and diffusivity for the gas component

are reasonable, which leads to acceptable gas-liquid mass transfer rates. Under these

conditions the rate of liquid-solid mass transfer of the components dissolved in the

liquid can be comparable to the gas-liquid mass transfer rate or even the rate limiting

step. Especially in the fine chemical industry large organic molecules are converted,

which show a low diffusivity compared to the gas component [18–21]. The transfer

of the molecules from the bulk liquid to the solid surface is strongly dependent on

the velocity of the liquid at the catalyst surface, which can be described by various

mass transfer models [22].

In a slurry reactor the particles are moving with the liquid, which can result in a low

refreshment rate of the liquid film at the particle surface. Pangarkar et al. give a

review on liquid-solid mass transfer measurements [23]. They report mass transfer

coefficient values of lower than 1·10−3 m·s−1 for lab-scale reactors. Increase of

the turbulence by the rotational speed can improve this only to a certain extend.

The liquid-solid mass transfer can, however, further be improved by increasing the

liquid-solid interfacial area. Using slurry particles this can be realized by reducing

the particle size. This is, however, limited by downstream filter requirements to a

minimal particle size of 10 µm [1]. Commonly, particle diameters of around 50 µm

are used. The particle loading can also be increased. This can, however, result in

an increase of the slurry viscosity and a reduction of the mass transfer coefficient

[24]. Industrial three-phase stirred reactors commonly use loadings of a few weight

percent, with which kLSaLS-values of higher than 1 s−1 are achieved [23]. Using a

fixed foam block stirrer, on the other hand, a high liquid velocity at the solid surface

is achieved, which is expected to result in a high mass transfer coefficient. However,

the liquid-solid interfacial area should still be high enough in order to give a similar

mass transfer rate as for slurry particles.

3.1.4 Liquid-Solid Mass Transfer Measurements

In order to study the liquid-solid mass transfer various methods have been devel-

oped. The simplest are the dissolution techniques using benzoic acid or salts with
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CHAPTER 3. LIQUID-SOLID MASS TRANSFER

a low solubility, such as carbonates [25–28]. The rate of dissolution is easily mea-

sured by the change of pH or conductivity. However, in case of open cell foams, the

packings have to be coated for every experiment, and then placed into the reactor

together with the liquid. This results in dissolution of a substantial amount of the

coating before the experiment has even started.

Similarly to the dissolution techniques ion exchange measurements can be performed

using proton exchange resins [24, 29]. The dissolution rate can easily be measured

by the change of pH. The challenge is to deposit the resin on the solid foam structure

homogeneously. Once this is achieved the resin can easily be regenerated and the

solid foam can be used for several experiments. However, with further progress of

the ion exchange, pore diffusion through the resin layer becomes the rate limiting

process.

For the characterization of packed beds commonly electrochemical methods are ap-

plied. Examples are the reduction of oxygen or ferricyanide [30–32]. The limiting

current obtained from the measured polarization curves is used to calculate the mass

transfer coefficient [33]. However, these methods cannot be applied to study the

liquid-solid mass transfer for slurry particles.

The optimal way to determine the liquid-solid mass transfer for packed beds and

slurry particles in a comparable way is the use of a liquid-solid reaction. Using an

inert gas, the influence of turbulence produced by the bubble flow on the liquid-solid

mass transfer can be investigated. Other processes, such as pore diffusion or forma-

tion of gas in the solid phase can be neglected [34]. Hoek et al. used an enzymatic

reaction [35]. However, the catalyst is supported by a porous carrier. This can lead

to internal pore diffusion becoming rate limiting. Only rotational speeds below 50

rpm were applied. In this work the dissolution of copper by dichromate is chosen

[24, 36–41]. This redox reaction is very easy to perform. The chromate ions react

directly with the copper surface atoms, therefore pore diffusion is absent. Gregory

and Riddiford measured an activation energy of 6 kJ·mol−1, which clearly shows

that the reaction rate is solely limited by the ion transport between bulk liquid and

copper surface [42]. No preparational work is needed, as copper foam blocks and

copper particles can simply be purchased.

3.2 Experimental

3.2.1 Slurry Particles and Rushton Stirrer

The liquid-solid mass transfer was investigated for two types of slurry particles: solid

copper particles and copper coated carbon particles. The particle sizes, densities and

the suppliers are listed in Table 3.1. In additional experiments 1-2 g of inert zirco-
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Table 3.1: Characteristic parameters for slurry particles.

Material ρbulk dparticle SSA aLS per gram Purchased

[g · cm−3] [µm] [m2g−1] [m2
LSm−3

L g−1] from

Copper 8.92 3-30 0.09 30 Sigma-Aldrich

Zirconium 6.51 1-25 0.15 50 Alfa Aesar

Glassy carbon 1.49 2-7 1.78 600 Sigma-Aldrich

Cu-coated carbon 3.97 2-7 0.26 90 Prepared

nium particles were added in order to study the influence of particle loading on the

mass transfer (Table 3.1). Blank tests of pure zirconium and carbon particles did not

show any conversion.

Copper coated carbon particles with a copper/carbon weight ratio of 40/60 were pre-

pared from carbon particles using a cementation method and kept under oxygen-free

atmosphere [43]. The particle size as well as the specific surface area of copper were

determined using a FEI Quanta 3D FEG scanning electron microscope. The liquid-

solid mass transfer was measured in a 5 L glass reactor with an inner diameter of 200

mm and a height of 200 mm (Figure 3.1A). The reactor mantle was equipped with

Figure 3.1: Experimental setup. A: Rushton stirrer in 200 mm reactor; B: Side view

of foam block stirrer in 100 mm reactor; C: Top view of foam block stirrer in reactor.

four baffles with a width of 10 mm and a thickness of 1.5 mm. The 6-blade Rushton

stirrer with a diameter of 100 mm and a blade size of 35x25 mm was mounted on a

hollow shaft in order to allow gas induction through the blades. The distance to the

reactor bottom and the gas-liquid interface was 35 mm.
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CHAPTER 3. LIQUID-SOLID MASS TRANSFER

3.2.2 Foam Block Stirrer

The solid foam block stirrer consisted of copper or polyether foam plates with pore

sizes of 10 ppi and 20 ppi, as given by the manufacturer, and a thickness of 20 mm.

The copper foams were purchased from M-Pore. The foam strut size was measured

microscopically. From this value and the porosity of the foam, the specific surface

area could be calculated using the correlations of Fourie and Du Plessis [10]. The

values are listed in Table 3.2. The diameter of the foam blocks was 150 mm and the

Table 3.2: Characteristic parameters for copper foams.

Manufacturers’ Calculated Measured Geometric Liquid-solid

pore size pore size[10] porosity surface area interfacial area

[ppi] [ppi] [m3
voidm−3

foam] [m2
foamm−3

foam] [m2
LSm−3

L ]

10 5 0.89 520 130 (40 mm block)

200 (60 mm block)

20 15 0.85 910 230 (40 mm block)

340 (60 mm block)

heights were 40 and 60 mm (Figure 3.1B). The center sections of the foam block

configurations were cut out resulting in a donut-shaped block with an inner diameter

of 50 mm (Figure 3.1C). The foams were fixed on a steel frame at a distance of 10

mm to the reactor bottom. The distance to the gas-liquid interface was 10 mm and

30 mm for the 60 mm and the 40 mm foam blocks, respectively. Two reactor heights

of 200 mm and 100 mm were used. In case of the 100 mm reactor height, the reactor

lid was equipped with four additional baffles with a thickness of 1 mm and a height

of 8 mm in order to increase the turbulence at the gas-liquid interface (Figure 3.1B).

It was furthermore possible to install baffles with a thickness of 1 mm and a height

of 8 mm on the reactor bottom.

3.2.3 Mass Transfer Measurements

All experiments were performed at 30 ◦C. In order to ensure clean copper surfaces

the foam and the copper particles were washed in 1M sulfuric acid containing potas-

sium dichromate and kept under oxygen-free atmosphere. Particle amounts between

1.5 and 3.5 g were transferred into the reactor containing 1M sulfuric acid under

nitrogen flow. During the gas-liquid mass transfer measurements discussed in the

previous chapter, for the Rushton stirrer the liquid volume of 3 L was found to be

optimal, while for the foam block reactor the liquid volume was 2.5 L [16]. Using

more liquid the circulation and bubble formation are strongly reduced. The use of
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less liquid does not enhance the mass transfer significantly but strongly increases the

energy input per liquid volume. The measurements in this work are performed with

the same liquid volumes. The stirrer was rotated for few minutes at the required ro-

tational speed in order to establish a steady state of bubble breakup and coalescence.

Bubbles are only created by turbulence at the gas-liquid interface. No additional

sparging was applied. Then, in case of the slurry particles, 4.8 mL of a 0.225 M

potassium dichromate solution was injected resulting in a chromate starting concen-

tration of 0.36 mM. The concentration of Cr(VI) was recorded using UV/Vis spec-

troscopy until the chromate was completely reduced. Then the reactor was cleaned

for the next experiment. Using the foam stirrer, the experiments were performed as

described for the slurry particles with the difference that 2.5 L sulfuric acid was used.

Therefore only 4 mL of potassium dichromate solution was added giving the same

starting concentration of 0.36 mM.

The reduction of Cr(VI) was measured by UV/Vis spectroscopy using a Transmission-

dip probe from Avantes. Cr(VI) absorbs strongly at 350 nm, and any interference

with Cr(III) can be ruled out [36]. The light was supplied using an AvaLight-D(H)-S

light source. The intensity of the reflected light was recorded for time steps of 100

ms using the AvaSpec-2048 spectrometer from Avantes. The spectra for three exper-

iments using the foam block stirrer are shown in Figure 3.2. The baseline intensity
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Figure 3.2: Intensity of transmitted light for experiments at different rotational

speeds.
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Idark was measured by switching off the light source. After subtracting Idark, the

intensity of the reflected light of the sample at the wavelength of I350 was measured:

I350 = I350nm,sample − I350nm,dark [a.u.] (3.1)

Bubbles or slurry particles passing the sensor lead to a strong absorption of the light.

The higher the rotational speed, the more bubbles are formed resulting in an increase

of the noise in the absorption spectra (Figure 3.2). These data points were filtered

offline by comparing them to a calculated average intensity for a certain time frame.

Before injection of sodium dichromate, the intensity of the electrolyte I350,0 was

measured. During the reaction the concentration of Cr(VI)-ions in the bulk liquid

was obtained using the Lambert-Beer-Law:

I350,Cr(VI),bulk

I350,0
= 10−εLcCr(VI),bulk [−] (3.2)

The applicability of this law was confirmed using calibration standards. The rate of

mass transfer from the bulk liquid to the copper surface is described by:

dcCr(VI),bulk

dt
= kLSaLS(cCr(VI),bulk − cCr(VI),surface) [mol · s−1m−3] (3.3)

Measuring the initial reaction rates at different temperatures, an activation energy

of 8 kJ·mol−1 was found (Figure 3.3). This means, the reaction rate is solely lim-

ited by the ion transport between bulk liquid and copper surface. The concentration

of Cr(VI)-ions at the copper surface is, therefore, assumed to be zero. Integrating

equation (3.3) leads to:

ln(cCr(VI),bulk,t) =−kLSaLSt + ln(cCr(VI),bulk,start) [−] (3.4)

The value of kLSaLS averaged over the reactor volume can simply be estimated by

the slope of the curve. Inserting equation (3.2) the value of kLSaLS can easily be

measured:

ln(log
I350,Cr(VI),bulk,t

I350,0
) =−kLSaLSt + ln(log

I350,Cr(VI),bulk,start

I350,0
) [−] (3.5)

Repeating various experiments a relative error of 5 % was found. The values of the

mass transfer coefficient kLS were calculated using the geometric surface areas ob-

tained from the average particle and foam strut sizes. The torque applied to maintain

the desired stirring speed was measured using a Viscoklick VK 600.1 torque me-

ter from IKA. The power consumption per volume of liquid was calculated using

equation (2.5).
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Figure 3.3: Arrhenius plot using the foam block stirrer at a rotational speed of 350

rpm in temperature range from 16 to 35 ◦C.

3.3 Results & Discussion

3.3.1 Rushton Stirrer & Slurry Particles

Figure 3.4 shows an electron microscopy image of the copper particles. The parti-

Figure 3.4: SEM-images of slurry particles. A: Solid copper particles; B: Glassy

carbon particles; C: Copper-coated carbon.
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cle characteristics are listed in Table 3.1. For the solid copper particles of different

loadings, the liquid-solid mass transfer coefficients are shown in Figure 3.5. At low
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Figure 3.5: Mass transfer coefficients for solid copper and copper-coated carbon

particles. A: kLSaLS depending on the rotational speed; B: kLS depending on the

rotational speed.

rotational speed the mass transfer coefficient increases steeply with the rotational

speed. At rotational speeds higher than 500 rpm the slope levels off. This is in anal-

ogy to the gas-liquid mass transfer measurements using Rushton stirrers [16, 24].

At high rotational speed the reactor volume can be divided into two zones having

different hydrodynamic characteristics. The center section around the stirrer is char-

acterized by a high gas holdup, high shear forces and a high mass transfer. Moving

to the outer section, however, the turbulence is damped very fast. A further increase

of the power input does only increase the shear in the section around the stirrer. This

additional impulse is not applied to the entire reactor volume and the overall mass

transfer does not increase in accordance with the power input.

Additionally, in Figure 3.5, two interesting aspects can be pointed out. The copper

particles show a very high kLS-values. Commonly values below 1.0 ·10−3 ms−1 are

reported for slurry particles in lab scale slurry reactors equipped with Rushton stir-

rers [24, 44]. In order to explain these high values several parameters affecting the

liquid-solid mass transfer have to be discussed. The first one is the ratio between

stirrer and reactor size. Fishwick et al. and Kikuchi et al. used rather small stirrers

resulting in high shear zones only in the bottom part of the reactor [24, 44]. They ob-

served overall kLS-values of 0.4 ·10−3 ms−1. In our experiments using a stirrer with

a diameter half of the reactor diameter the region of high shear is much larger and

results in a higher overall mass transfer. Additionally, Fishwick et al. used particles

larger than 150 µm. The mass transfer coefficient increases with the reduction of the

particle size [38]. Commonly values of 1 ·10−3 ms−1 are found for the dissolution of
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10 µm benzoic acid particles in agitated tanks [38]. This is already higher than the

values Fishwick et al. report. It is, however, still three times lower than the values

observed in our experiments, although the diffusion coefficient of benzoic acid in

water, D = 0.9− 1.3 · 10−3 ms−2, and the diffusion coefficient of chromate ions in

1M sulfuric acid, D = 1.0 ·10−3 ms−2, are comparable [36, 45]. Stirrer and particle

size are therefore not sufficient to explain the high kLS-values reported in this work.

The main reason for the high mass transfer could be the large density difference

between the solvent (ρ = 1.08 g · cm−3) and the solid copper particles (ρ = 8.92

g · cm−3). Levins and Glastonbury studied the liquid-solid mass transfer using parti-

cles of sizes less than 100 µm [46, 47]. They varied the liquid-solid density differ-

ences between 0.1 and 7.1 g·cm−3. Their results suggest that the density has only a

minor effect. However, they did not specify the particle loading. Fishwick et al. and

Blasinski and Pyc studied the liquid-solid mass transfer and particle velocity for a

particle density range between 1 and 2.5 g · cm−3, which is common for slurry cata-

lyst particles [44, 48, 49]. With increasing particle density they found a reduction of

the particle circulation velocity, especially in the region of high mixing in the vicinity

of the impeller. However, the mass transfer increases with the particle density. In low

viscosity liquids the particles move through the liquid due to there high inertia. Their

path is less affected by the eddies but the turbulence acts rather on the particle surface

and therefore results in high slip velocities and a high mass transfer [23, 38, 44, 48].

This is comparable to free falling particle mass transfer, as suggested by Fishwick

et al., where higher slip velocities and higher mass transfer rates are achieved using

heavier particles [23, 44, 48].

In order to investigate the influence of the particle density and to have a comparison

with a typical catalyst particle, carbon particles with diameters in micrometer size

range were coated with a copper layer, as shown in 3.4B. Glassy carbon has a den-

sity of 1.49 g · cm−3. The copper-coated particles have therefore a density of around

4 g·cm−3, which is only half of the copper particles, but still much higher than porous

support particles used in industry, such as highly porous alumina or active carbon.

Although only one fourth of the carbon surface is covered with a copper layer, due

to the somewhat smaller particle size and the lower density a much higher geometric

surface area per gram of particles is achieved compared to the solid copper particles

(Table 3.1).

The kLSaLS-values of the copper-coated carbon particles in Figure 3.5 show a simi-

lar trend as the solid copper particles. Nevertheless, the values are somewhat lower

than the solid copper particle values. Due to the high geometric surface area, the

kLS-values are an order of magnitude lower than those of the solid copper particles

and comparable to the values found for benzoic acid [38]. These low density copper-

coated carbon particles move with the liquid. The slip velocity is, therefore, much

lower than for the heavy copper particles. The large difference in the mass transfer
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coefficients suggests a deviation from the correlations of kLS ∝ ρ0.25
S proposed by

Fickwick et al. and Blasinski and Pyc with particle densities larger than 5 g·cm−3.

More realistic are values for the exponential factor between 0.3 and 0.4, as reported

by Harriott [38]. However, further studies using high particle densities are necessary.

Comparing the values between copper particles and copper-coated carbon particles

in Figure 3.5, it is also interesting to see, that in case of the solid copper particles the

mass transfer coefficient increases strongly with the particle loading. In both cases,

although the particle loading with 1.5-3.5 g per 3 L is low, the particle concentration

is still high. In case of 3.5 g of solid copper particles, the mean distance between

the particles is around 100 µm. With a particle size of around 10 µm, it is obvious

that particles are frequently passing each other. Kikuchi et al. did observe this phe-

nomenon in flow of glass beads through pipes but not in agitated tank experiments

and concluded that the reason is the small diameter of the impeller used [24]. They

used, however, the high particle concentrations of 10-20 wt% resulting in a mean

free path which is too short to achieve high velocities relative to each other. In our

work this effect was less pronounced for the copper-coated carbon particles. It has

been reported that light particles rather damp the turbulence by being trapped in the

eddies and furthermore increase the viscosity [38]. This would result in a reduced

mass transfer coefficient with higher particle loading. However, this damping effect

could not be observed. Apparently the particle loading is too low for that.

In this work the effect of induced turbulence by passing particles was examined by

addition of inert zirconium particles (Table 3.1). Figure 3.6 shows a clear increase of

the liquid-solid mass transfer coefficient with the zirconium loading. It can be seen
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Figure 3.6: Influence of the addition of zirconium particles on the mass transfer

coefficients for copper slurry particles. A: kLSaLS depending on the rotational speed;

B: kLS depending on the rotational speed.

in Figure 3.6 that the kLS-values approach a limit, when the loading is increased. At
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higher particle loadings the mass transfer coefficient would decrease again, due to

the increase of slurry viscosity, as observed by Kikuchi et al. [24]. A similar trend of

increased kLS-values with higher loading was found for the solid copper particles in

Figure 3.5. These results show potential in order to optimize slurry systems. Small

concentrations of high density particles could be added to the slurry in order to in-

crease the liquid-solid mass transfer coefficient. Low density catalyst supports could

also be blended with dense materials resulting in a higher density and an increased

liquid-solid mass transfer. For these loadings of less than 0.1 wt% no measurable

increase of the power input was found. However, in industrial conditions, larger re-

actors and lower rotational speeds are used [23]. Therefore the reactor sections of

high mass transfer would be even more reduced, although the tip speed of the stir-

rer blades is similar. In that case the increase of mass transfer by dense particles

should not be as pronounced. Therefore, the interplay of parameters, such as particle

density, loading, liquid properties on the one hand and reactor and stirrer design and

energy input on the other hand, should be studied in more detail in order to optimize

slurry systems and to increase the overall mass transfer [23, 44, 48].

3.3.2 Foam Block Stirrer

The copper foam material used is shown in Figure 3.7. The ppi-numbers and the

Figure 3.7: Cell structure of the copper foams from M-Pore.

specific surface area were calculated from the porosity and the strut thickness using

the model of Fourie and Du Plessis [10]. The values are listed in Table 3.2. The

liquid-solid mass transfer coefficients for the foam blocks of two different heights
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and two different pore sizes are shown in Figure 3.8a. The 60 mm foam blocks
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Figure 3.8: Mass transfer coefficients as a function of the rotational speed for foam

blocks using a reactor height of 200 mm. A: Dependence on the foam block height

and pore size; B: Dependence on the position in the 10 ppi foam block with a height

of 60 mm.

show a strong increase of the mass transfer for rotational speeds up to 200 rpm.

Already at low rotation of the foam block a vortex is formed and the liquid flows

freely back into the center section above the foam block. At higher rotational speed

even gas pockets between the top surface of the foam block and the back flowing

liquid were observed. The liquid containing small bubbles is then driven through the

foam structure outwards by the radial forces. Below the foam block also outward

flow was observed. Bubbles created by surface aeration circulate together with the

liquid. Although the specific surface area for the 20 ppi foam is almost two times

higher than for the 10 ppi foam (3.2), the mass transfer coefficient at 200 rpm is only

slightly increased. This can be explained by the increased frictional pressure drop

of liquid flow through these finer pores. The large number of struts acts as obstacle

reducing the liquid circulation and the mass transfer coefficient [50–52]. The foam

block porosity and interfacial area are the parameters defining the liquid circulation

velocity, pressure drop and mass transfer. The bulk density of the foam material is

only important during the short time frame of starting the rotor. Both foam blocks

show a liquid-solid mass transfer maximum at around 250 rpm. At higher rotational

speed the mass transfer decreases again. The reason is that the vortex becomes so

large that the liquid does not flow into the center section anymore, but rather on top

of the foam block. The liquid enters the foam structure from above and is then driven

through the foam structure by the interplay of radial and gravitational forces. This
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was observed visually by the formation of a large dry section filling the entire center

section down to the bottom of the foam block. Further evidence is found in Figure

3.8b showing the mass transfer coefficient in the top and bottom sections of the foam

block separately. At low rotational speed the foam block is completely immersed in

the liquid leading to a comparable mass transfer. At higher rotational speed a large

difference between top and bottom plates is found. At higher rotational speed a large

amount of liquid flows on top of the foam block and is directly transported in the

radial direction. It circulates only in the upper part of the reactor resulting in a high

mass transfer. Only a minor amount of liquid circulates through the lower foam part

leading to a low mass transfer in that section. Reducing the foam block height but

keeping the liquid volume constant avoids this large vortex. However, the amount

of foam structure per reactor volume is reduced resulting in a lower overall mass

transfer. Furthermore, the mass transfer coefficient levels off at high rotational speed

(Figure 3.8a). At even higher rotational speeds again the formation of a dry section

in the center section and a drop of the kLSaLS-values is expected.

Reducing the reactor height in Figure 3.9a, a continuous increase of the liquid-solid

mass transfer at higher rotational speeds is found. Again, the 20 ppi foam blocks
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Figure 3.9: Mass transfer coefficients as a function of the rotational speed for foam

blocks using a reactor height of 100 mm. A: Dependence on the foam block height

and pore size; B: Dependence on baffle design in the 10 ppi foam block with a height

of 60 mm.

perform only slightly better than the 10 ppi foam block due to the higher frictional

pressure drop. Comparing Figure 3.9a with Figure 3.8a the kLSaLS-values are much

lower than using the high reactor in Figure 3.8a. Furthermore the difference between

the 60 mm and 40 mm foams is very small, although the specific surface area is one
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third larger for the 60 mm foam block. The liquid backflow into the center takes

place mainly above the foam block. For the 200 mm reactor height in Figure 3.8a,

the liquid flows back freely into the center section. The reduced reactor height and

the baffles mounted on the lid create an additional resistance to this liquid back flow.

This cross sectional area available for back flow is even further reduced, when the

foam block size is increased. It results in a comparable mass transfer coefficient for

the 60 and 40 mm foam blocks (Figure 3.9a).

Different modifications of the stirred foam reactor were used in order to investigate

their influence on the liquid circulation (Figure 3.9b). Upon removing the baffles on

the reactor lid, a fast liquid circulation into the center section is observed. However,

the amount of bubbles is strongly reduced and the gas is accumulated around the

stirrer shaft. This modification shows also the lowest mass transfer coefficient in

Figure 3.9b. Similar effects are obtained, when a lid is placed on top of the foam

block. The lid was introduced in order to force the out flowing liquid to pass the entire

foam block before it flows back. Similar to the experiments using the unbaffled lid, a

very fast liquid flow into the center section was observed. However, the mass transfer

coefficient is slightly reduced compared to the foam block without lid. Also the gas

holdup is very low, which screens these modifications out to be used in three-phase

reactions, where high gas-liquid mass transfer is essential. These observations also

suggest that bubbles circulating through the foam structure increase the liquid-solid

mass transfer. Passing the foam struts, they experience large velocity and pressure

fluctuations. This results in local high frequency and high amplitude fluctuations of

the liquid velocity and leads to an increased liquid-solid mass transfer [53, 54]. The

use of baffles on the reactor bottom does not significantly reduce the liquid outflow

below the foam block and therefore has only a minor effect on the mass transfer

performance. The optimal foam block design should therefore consist of a 20 ppi

foam block. The space above the foam block should be large enough in order to

achieve a fast liquid circulation. The reactor shape should be adjusted to a convex

shape, which directs the liquid into the center section. Baffles, although forming a

resistance to the liquid flow, should be extended to the reactor lid in order to increase

the turbulence at the gas-liquid interface and result in a strong bubble formation.

3.3.3 Comparison between the Foam Stirrers

Mixing Rate

From the experiments for the mass transfer measurements also the liquid mixing

time could be extracted as the time between injection of the potassium dichromate

solution and complete mixing. The latter was defined as a stable absorption value,

which reflects the starting dichromate concentration ± 3%. It is shown in Figure
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3.10. The Rushton stirrer works at much higher rotational speed than the foam block
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Figure 3.10: Liquid mixing times for Rushton stirrer and foam block stirrer. A:

Mixing time depending on rotational speed; B: Mixing time depending on power in-

put. The mixing time was defined as time between injection of potassium dichromate

and the measurement of a stable absorption value reflecting the starting dichromate

concentration ± 3%.

stirrer due to its smaller diameter. Comparing the mixing times for the stirrers in

their respective working ranges, one can see, that in both cases the mixing is very

fast and the liquid can be assumed to be ideally mixed.

Liquid-Solid Mass Transfer

The stirred foam reactor has a larger diameter than the Rushton stirrer and therefore

works at a much lower rotational speed. However, the applied torque to maintain this

rotational speed is higher in case of the foam block stirrer. The only fair way to com-

pare both stirrers is depending on the power input, as shown in Figure 3.11. For the

slurry particles already at a power input of 2000 Wm−3
L , the mass transfer coefficient

does not increase anymore due to the low mixing intensity in the outer reactor section

(Figure 3.11a). However, the liquid-solid interfacial area and the kLSaLS-value can

easily be increased by higher particle loading. In industrial applications commonly

kLSaLS-values of 1 s−1 are desired [23]. For the solid copper particles this results

in a loading of 0.3 wt%. Slurry particles used as industrial catalyst supports have a

density of 1-3 g · cm−3 and a particle size of around 50 µm. Loadings of up to a few

percent are therefore needed to meet the required mass transfer rate. For the foam

block stirrer, in analogy to the gas-liquid mass transfer studies, we aim to achieve

a steady increase of the liquid-solid mass transfer in the stirred foam reactor even
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Figure 3.11: Comparison of foam block stirrer and slurry particles. A: Mass transfer

coefficient kLSaLS depending on the power input; B: Mass transfer coefficient kLS

depending on the power input.

at high power input [16]. Therefore the kLSaLS-values at reduced reactor height are

used for this comparison. The highest mass transfer with a kLSaLS-value of 0.5 s−1

is achieved using the 20 ppi foam block with a height of 60 mm. The liquid-solid

interfacial area could further be increased by using finer pore structures. Although,

as discussed, this reduces the liquid circulation, the liquid-solid mass transfer coef-

ficient could still be increased. When used as catalyst support this gives, however,

raise to practical problems concerning catalyst deposition. Using wash coating or

sol-gel techniques, excess precursor slurry cannot be removed from the fine pores

and results in blocking of certain passages. In order to increase the mass transfer

further, the focus should be on the reactor design, especially on the part above the

foam block. That section should be large enough in order to allow a fast liquid back

flow but small enough to ensure a complete wetting of the entire foam structure.

Figure 3.11b compares the kLS-values depending on the power input. The highest

values are obtained for the solid copper particles due to their small size and high

inertia. The lowest kLS is found for the copper-coated carbon particles due to the low

density resulting in a low slip velocity. Industrial catalyst supports, such as active

carbon or high surface area alumina, have similar densities. Therefore the kLS-values

are expected to be comparable. Among the foam blocks the 10 ppi foam block with

a height of 40 mm shows the highest kLS-value. The foam structure is fixed and the

liquid flows with high velocity over the solid surface. The large foam pores lead to a

fast liquid flow and therefore a high slip velocity. A decrease of the pore size reduces

the circulation and the liquid velocity at the liquid-solid interface.

Finally, the values of the liquid-solid mass transfer of chromate ions can be used to

extrapolate the mass transfer in common organic reactions, such as hydrogenations
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or partial oxidations. Assuming a simple film model, the molecules have to diffuse

through the liquid-solid boundary layer [22]. The kLSaLS-value is correlated to the

diffusion coefficient of the transported species. This coefficient increases with the

temperature and depends further on the molar volume of the diffusing molecules

[55, 56]. Considering the transport of small gas molecules, such as hydrogen and

oxygen in water, already at 30 ◦C the diffusion coefficient is found to be three and

five times larger than for the chromate ions, respectively. This means, in case of hy-

drogenation or partial oxidations of small molecules at elevated temperatures, both

applying the foam block stirrer with pore sizes of 10 to 20 ppi and using slurry parti-

cles at moderate concentrations of 1-2 wt%, kLS-values of 1 ·10−2 m·s−1 can easily

be achieved. Multiplying these values with the liquid-solid interfacial area, kLSaLS-

values higher than 2 s−1 can be expected. Commonly in fast three-phase reactions

the liquid-solid mass transfer is high enough and either the gas-liquid-mass transfer

or the diffusion inside the catalyst pores are found to be the rate limiting processes.

In any case, the liquid-solid mass transfer rates obtained in this study for the foam

block stirrer compared to a slurry reactor are representative for other (gas-)liquid-

solid reactions and physisorption processes.

3.4 Concluding Remarks

The copper dissolution by potassium dichromate is a convenient method to study the

liquid-solid mass transfer for slurry systems as well as for packed beds. For the slurry

particles it was found that especially the particle density has a strong influence on

the mass transfer coefficient. Using heavy particles high slip velocities are achieved.

Particles passing each other closely further increase the turbulence at the liquid-solid

interface. To benefit from this the Rushton stirrer should be large enough in order to

suspend all the particles and create a high mixing intensity over a large part of the

reactor volume. The foam block stirrer also shows a high liquid-solid mass trans-

fer coefficient. Use of a finer pore structure increases the geometrical surface area.

This is, however, partially counterbalanced by the frictional pressure drop and does

therefore not lead to an adequate increase of the liquid-solid mass transfer. However,

using a pore size of 20 ppi still high liquid circulation and a high mass transfer is

achieved. A similar trend is expected for a change of the foam block shape. Using a

foam block with a conical center section, as discussed in chapter 2, the liquid solid

interface is reduced. This is partially counterbalanced by an increased kLS due to

the reduced average pressure drop over the foam block diameter. The foam block

stirrer shows great potential for further optimization leading to a further increase of

the liquid-solid mass transfer. Especially the reactor volume above the foam block

and the baffle design should be optimized in order to improve the high liquid back
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flow and a complete wetting of the foam structure at high rotational speeds.
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4
Gas Holdup and Bubble Size

Measurements*

Rotating solid foam reactors have already proven to show high mass transfer rates

and to be a potential alternative to slurry reactors. The rotation of a foam block

stirrer results in the development of different reactor sections showing specific hy-

drodynamics. In order to optimize the reactor system the hydrodynamics in a lab

scale reactor are studied using γ-ray tomography. The influence of liquid properties,

such as viscosity and surface tension, and the rotational speed on the gas/liquid distri-

bution in the different reactor sections is investigated. Especially the viscosity has a

strong effect on the entrapment of gas bubbles in the foam block structure, while the

surface tension is the dominant parameter in the outer reactor section. The influence

of these parameters on the inset of foaming and the collapse of the gas/liquid disper-

sion is investigated. For non-foaming Newtonian liquids the two phase flow through

the foam block stirrer is mainly influenced by the solid foam pore size and the liq-

uid viscosity. For low viscosity, the optimal foam block pore size was identified in

the range between 10 and 20 ppi. With smaller pore size, the gas-holdup inside the

foam block strongly increases due to bubble entrapment. For higher viscosity, pore

sizes larger than 10 ppi have to be used in order to achieve a sufficient liquid flow

rate through the foam block to avoid a strong gradient over the reactor height. The

effect of the hydrodynamics on the gas-liquid and liquid-solid mass transfer and the

reactor performance are discussed and recommendations for further optimizations of

the reactor design and the operational conditions are developed.

*Published as: Tschentscher, R.; Schubert, M.; Bieberle, A.; Nijhuis, T. A.;

van der Schaaf, J; Hampel, U.; Schouten, J. C. Tomography measurements of gas

holdup in rotating foam reactors with Newtonian, non-Newtonian and foaming liq-

uids. Chem. Eng. Sci. 2011, 66, 3317.

Tschentscher, R.; Schubert, M.; Bieberle, A.; Nijhuis, T. A.; van der Schaaf, J;

Hampel, U.; Schouten, J. C. Gas-holdup of rotating foam reactors measured by γ-

tomography - effect of solid foam pore size and liquid viscosity. AIChE J. 2012,

accepted/in press.
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CHAPTER 4. GAS HOLDUP AND BUBBLE SIZE

4.1 Introduction

4.1.1 Rotating foam reactors

New reactor types based on highly porous materials have been developed during the

recent years, such as monolithic stirrers and mixers based on fiber structures [1–4].

The porous structures are used to mix the phases, break up bubbles and, at the same

time, as support for catalyst deposition. This allows a simple re-use of the catalyst.

It does not have to be filtered from the reaction mixture. Other problems related to

the use of slurry catalysts, such as attrition of particles and catalyst wash out or ag-

glomeration of particles, do not occur. Recently we have developed a rotating solid

foam reactor, shown in Figure 2.3. A donut-shaped foam block is rotated, which

results in a fast liquid circulation and a good mixing of gas and liquid phases. The

reactor volume can be divided into different sections with their own hydrodynamics,

gas holdup and mass transfer characteristics. Visual observations have shown that a

large number of bubbles is trapped in the center section. These bubbles have diame-

ters ranging from sub millimeters to a few millimeters. In the outer reactor section,

between foam block and reactor wall, finely dispersed bubbles are found.

We have already shown that the gas-liquid mass transfer is high, especially for the

foam block stirrer [5]. Compared to the Rushton stirrer, the work horse in the fine

chemical industry, a kGLaGL-value of 0.19 s−1 was achieved, which was 50 % better

than using the Rushton stirrer. Furthermore the liquid-solid mass transfer in these re-

actors is sufficiently high [6]. Using the copper dissolution method values of 0.6 s−1

are achieved. The foam block structure as catalyst support occupies a large amount

of the reactor volume and is, therefore, of special interest. In this paper we address

the measurement of the gas holdup using γ-ray tomography. This is a powerful tech-

nique for resolving the distribution of gas and liquid in multiphase reactors. The

holdup is investigated for deionized water, but also for liquid systems representing

non-Newtonian and foaming behavior, which is not uncommon in industrial pro-

cesses. The information obtained can be used to further optimize the reactor and

foam block shape, the liquid volume to be used, but also other characteristics, such

as foam pore size and porosity.

4.1.2 Gas-holdup in packed bed three-phase reactors

The gas-holdup is an important hydrodynamic parameter, interlinked to the two

phase pressure drop, the flow regime and the power input. It is further correlated

to the gas-liquid mass transfer rate, and by that to the reaction rate and selectivity of

a chemical process. Additionally, it is an essential parameter for the reactor design.

In packed bed reactors different operation regimes occur depending on the flow rates
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of gas and liquid and the external forces applied. These are discussed in the follow-

ing.

Trickle beds are extensively used in the chemical industry. The gas is the continuum

phase and the liquid flows as rivulets or films over the solid surface. The trickling

regime is concerned as low interaction flow. It can result in a large maldistribution

and partial wetting of the catalyst surface. Calvo et al. studied the gas-holdup for

trickle beds using X-ray tomography [8]. They found already 10 mm below the liq-

uid distributor a non-uniform liquid holdup. Flooding the reactor beforehand wets

the entire solid surface, improves the liquid flow distribution and increases the liquid

holdup. However, the radial dispersion is lower using a pre-wetted packing [8].

In order to increase the interaction between the phases, different reactor types based

on the rotation of packed beds have been developed. HIGEE-reactors have exten-

sively been studied [9–12]. In these reactors a donut-shaped foam block is rotated at

rotational speeds up to several thousand rotations per minute. In the center liquid is

sprayed onto the foam structure. The liquid is then driven outwards by the centrifu-

gal forces. These reactors show a high maldistribution and insufficient wetting of the

solid phase. At rotational speeds up to 600 rpm liquid rivulets were observed [13].

At rotational speeds higher than 600-800 rpm the liquid volumes are broken up into

droplets and pass the foam bed as spray. This leads to a poor wetting of the back

side of the struts. These reactors are, so far, only used as gas-liquid contactors for

stripping and absorption processes.

Using the rotating foam reactor, the liquid is the continuous phase and the catalyst

is always wetted. The reactor volume consists of different sections (Figure 2.3). In

the center section bubbles are trapped and broken up into finer bubbles. Here, gas

holdups higher than 50 % can be achieved. Visually only the outer part between

foam block and reactor wall can be studied. In order to investigate the entire reactor,

especially the foam block stirrer itself, other methods have to be applied.

4.1.3 Measurement of gas-holdup in rotating solid foam reactors

Various measurement techniques to study the gas-holdup are discussed by Boyer et

al. [14]. Optically transparent materials and small reactor diameters can be used

[15]. This increases, however, the influence of the reactor wall on the bubble dynam-

ics.

For more realistic conditions tomography methods can be applied. These have been

developed for the medical industry but are increasingly applied in the study of chemi-

cal reactors on the lab-scale but also for pilot scale units [16, 17]. Recently, Dudukovic

et al. have evaluated various methods regarding their application in field tomography

[18]. These methods allow an easy visualization of the effect of the reactor design

and the operational conditions on the gas-liquid distribution. Tomographic imaging
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techniques do not require any special preparation for the studied reactor system and

give a good spatial resolution in the millimeter range. However, so far no method

can give fast measurements covering a large part of the reactor in combination with

high local resolution. As an example, capacitance and resistance tomography are

fast methods to study dynamic processes [19–22]. The spatial resolution is, however,

poor due to the distribution of the electric field between two electrodes. X-ray tomog-

raphy is another fast technique with a high spatial resolution in the sub-millimeter

range [23]. It provides detailed maps of the gas-liquid holdup in stirred tanks and

trickle bed reactors [8, 24–29]. The length of the penetration path limits the sample

size to around 200 mm due to the absorption of X-rays in liquids. Additional cali-

bration is needed due to beam-hardening [30].

γ-ray tomography has already been used to study the gas-holdups in stirred tank re-

actors in order to validate CFD measurements [27, 28, 31–34]. Isotopic sources are

used having a much higher photon energy compared to sources used in commercially

available X-ray CT systems for medical or non-destructive testing applications. Re-

actor walls can be made of denser material, which allows experiments at high pres-

sures. Additionally, isotopic sources offer discrete energy lines whereby the mea-

surement accuracy can be increased by excluding scattered gamma photons from the

measurement. This is not possible if X-ray sources are used, which generate poly-

energetic spectra. Typical isotopic sources for tomographic applications are 241Am

(59.5 keV), 22Na (511 keV), 137Cs (662 keV) or 60Co (1.17 MeV and 1.33 MeV).

Depending on the isotopic source different material thicknesses can be scanned and

the contrast between the phases can be made visible. One main disadvantage of iso-

topic sources is the low photon flux. To achieve a sufficient signal-to-noise ratio,

radiation detectors have to be operated in counting mode. Due to this fact the mea-

surement time has to be large enough to collect a sufficient amount of photons at the

radiation detector. Thus, a time averaged cross-sectional material distribution can be

obtained from a CT scan. For gas-holdup measurements inside the foam block this is

sufficient, as we expect the gas-holdup to change with the radius, but to be constant

over the perimeter. To determine the mean gas-holdup, two additionally calibration

CT scans have to be accomplished, one in which the reactor is completely filled with

liquid (0% gas fraction) and one with no liquid inside (100% gas fraction).

In this study, γ-ray tomography was applied. Other methods, which have been used

in chemical reactor development, are X-ray absorption spectroscopy to obtain to-

mographic maps of the catalyst potential [35]. Further nuclear magnetic resonance

imaging has been used extensively to study hydrodynamics in multiphase reactors,

such as the occurrence of flooding in trickle bed reactors, but also moisture transport

in concrete materials [36–43].
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4.1.4 Measurement of bubble size distribution

The bubble size distribution combined with the gas holdup is a direct measure of

the gas-liquid interfacial area, an important parameter for the mass transfer. It also

shows how well the gas phase is dispersed in the liquid and provides information

about the mixing efficiency. The velocity of the bubbles gives further information

about the turbulence in the system, the mixing efficiency, but also about the mass

transfer between gas and liquid. Commonly cameras are used to study multiphase

systems [44]. The bubbles can be tracked and the gas holdup and the gas-liquid

interfacial area can be calculated. This is noninvasive, can, however, only be applied

for low gas holdups or thin reactor systems.

In case of metallic reactors using high pressures, slurry particles, packings or at high

gas holdups, other types sensors such as capacity sensors, wire mesh sensors etc.

have to be used [45–48]. Chilekar et al. measured pressure time series at different

locations in a bubble column [49]. They were able to correlate the local pressure

fluctuations with the bubble size. Wire mesh-sensors measure the velocity and size of

bubbles passing the mesh. The technique is very fast allowing several thousand scans

per second. The wires, form, however, an obstacle for the bubbles and influence the

flow especially at low liquid velocities. For other sensors, such as capacity sensors

an array has to be used in order to study the bubble velocity. These sensors have to be

connected to an external power source and read out. Slip rings produce noise, which

can overlap the signal. In order to avoid that, the readout system should be installed

directly on the rotor shaft.

4.2 Experimental

4.2.1 Rotating foam reactor

A schematic drawing of the rotating foam reactor is shown in Figure 4.1. The absorp-

tion of γ-rays depends on the atomic number of the materials used. Metals absorb

much stronger than water or gas. The gas holdup at locations behind thick metal parts

can therefore not be accurately resolved. To compensate this, the measurement time

has to be increased. In order to avoid these artifacts, the reactor part to be scanned

was built entirely of nonmetallic compounds. For the reactor wall a PMMA cylinder

with an inner diameter of 195 mm and a thickness of 3 mm was used. The reactor

height was 100 and 200 mm. Top and bottom part of the reactor consisted of PMMA

plates with a thickness of 30 mm. On the reactor mantle and the reactor lid four

baffles were placed with a thickness of 10 mm and a width of 10 mm in order to in-

crease the turbulence. The foam block consisted of cylindrical shaped polypropylene

foams with an inner diameter of 50 mm, an outer diameter of 150 mm and heights
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Figure 4.1: Schematical drawing of the rotating foam reactor; side view with heights

(a) and top view with baffles on top (b).

of 50 and 100 mm. The foam pore size was 10 and 20 linear pores per inch (ppi)

with the specifications given in Table 4.1. The foam block was placed on a PVC

Table 4.1: Foam block characteristics.

ppi number Foam pore Foam cell Strut Specific surface

diametera) diametera) thicknessa) areab)

[mm] [mm] [mm] [m2
LS·m

−3
Bed]

10 2-4 4-7 0.6 580

20 1-2 2-4 0.3 960
a) Measured;
b) calculated using correlations of Fourie and Du Plessis [50] .

plate, which was connected to a PVC stirrer shaft. Air was used as gas phase. As

liquid phase water, a non-Newtonian liquid, a foaming liquid and the combination

of non-Newtonian and foaming liquid were used. As non-Newtonian liquid an aque-

ous solution of carboxymethyl cellulose (CMC) with a concentration of 0.25 wt%

was prepared. The foaming liquid consisted of an aqueous solution of cetrimonium

bromide (CTAB) with a concentration of 0.17·10−4 mol·L−1. The non-Newtonian

foaming liquid was a solution of CMC and CTAB with concentrations of 0.25 wt%

and 0.17·10−4 mol·L−1, respectively. Additionally, the influence of viscosity for

Newtonian behavior was studied using a glycerol/water mixture of 80/20 wt% and

pure glycerol. Properties of the liquids are found in Table 4.2. The viscosity of the

CMC containing solutions was measured using a Brookfield DV-I Prime viscometer

in combination with a low viscosity spindle. The viscosity depending on the shear

rate is shown in Figure 4.2. All measurements were performed at a temperature of

23 ◦C, which was the temperature during the tomographic measurements.
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Table 4.2: Properties of the used liquids.

Liquid Concentration Liquid Dynamic Surface

Density viscosity tension

[g · cm−3] [mPa · s] [mN·m−1]

Water - 0.978 1.03 72.6

Water + CMC 0.25 wt% 0.994 Figure 4.2 57.9

Water + CTAB 0.17·10−4 mol·L−1 0.975 1.15 55.2

Water + CMC 0.25 wt% ;

+ CTAB 0.17·10−4 mol·L−1 0.988 Figure 4.2 44.4

Water/glycerol 80/20 wt% 1.207 52 66.4

Glycerol - 1.260 980 63.1

100
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Figure 4.2: Viscosity of the CMC and the CMC-CTAB solution depending on the

shear rate.

The bubble size distribution in the section between foam block and reactor wall was

measured from photos, which were taken using a Canon 350D camera. This allowed

us to investigate the bubble size distribution at the height of the foam block in that

compartment depending on the operational conditions. For the water/air system large

bubbles with sizes up to a few millimeters were formed, so the measurements could

be performed up to 250 rpm. Stirring the CMC and CTAB solutions only low rota-

tional speeds of 150 rpm could be used. The torque required to maintain a certain

rotational speed was measured using a Viscoklick VK 600.1 torque meter from IKA.

The power input was calculated by equation (2.5).

4.2.2 Tomography measurements

The applied γ-ray computer tomography (CT) system used is shown in Figure 4.3.

Technical details are described elsewhere [51]. As source a collimated 137Cs with
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Figure 4.3: Principle of the γ-ray tomography. The reactor was scanned under oper-

ation conditions at different heights. By rotating the object table the gas holdup was

resolved in 2D at every height.

an activity of about 180 GBq was used. The γ-ray detector arc consisted of 320 sin-

gle scintillation detector elements. The detector arc was vertically collimated to a

slit height of about 2 mm by two lead arcs. The reactor was placed onto the rota-

tional desk between γ-ray source and the radiation detector. During measurements

the source as well as the detectors were fixed, while the object was rotated for one CT

scan and subsequently moved vertically to achieve a new measuring plane. During

a measurement the reactor was continuously rotated with a speed of one rotation per

15 minutes. The resulting measurement time was approximately three seconds for

each projection angle. At the lowest foam stirrer speed of 150 rpm this resulted in

7.5 rotations per projection. It was experimentally confirmed that this was sufficient

to assume a time averaged holdup measurement. Prior to the measurement, the zero

height was defined to be the top part of the PVC plate, on which the foam block

stirrer was mounted. This position could easily be identified by moving the reactor

up and downwards and measuring the absorption online. The absorption due to the

plate is stronger than in the foam. Afterwards the reactor was moved downwards 6.5

mm, which defined the first measuring plane H1. The following planes, H2 to H6 in

Figure 4.1, were measured by moving the reactor downwards for distance of 13 mm

resulting in six measurement heights for every operational mode.

To determine the gas-holdup, two calibration measurements had to be performed.

For 100% gas-holdup the reactor was scanned with a dry foam, thus εG = 1. For

zero gas-holdup the reactor was flooded with liquid, so εG = 0. In both cases the

reactor rotated with a rotational speed of 200 rpm. Subsequently, the liquid volume

was adjusted to 2.0 L for the 50 mm foam block and 4.00 L for the 100 mm foam
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block. Holdup measurements were performed at rotational speeds between 150 and

400 rpm. To obtain cross-sectional attenuation coefficient distributions, the standard

algebraic reconstruction technique (ART) was used [52]. It utilizes the iterative cor-

rection formula:

µ
(t+1)
i, j = µ

(t)
i, j +λ

ai, j,p,d

(

Ep,d −∑
nx

i=0 ∑
ny

j=0 ai, j,p,dµ
(t)
i, j

)

∑
nx

i=0 ∑
ny

j=0 a2
i, j,p,d

[−] (4.1)

where ny and nx denote the dimensions of the attenuation data matrix, p and d the

number of projections and detectors, E the attenuation data from measurements, i

and j denote indices of the corrected image pixel. a denotes the spatial overlap of

a pixel with a given ray, wherein the pixel size was defined to be 2 mm by 2 mm.

We used an iteration number t = 10. A relaxation factor λ of 0.01 was applied. This

parameter may be tuned to improve convergence.

The gas-holdup was calculated using the reconstructed attenuation data of both cali-

bration measurements as well as the gas-holdup measurements:

εG = 1−
µεG

i,j −µεG=1
i,j

µεG=0
i,j −µεG=1

i,j

[m3
Gm−3

G+L] (4.2)

Tomography images derived from the measurements can be found in the Figures 4.4,

4.10 and 4.12.

4.3 Results & Discussion

4.3.1 Pure water

Tomographic images of the gas holdup are shown in Figure 4.4. At rotational speeds

of 150 rpm and lower a large vortex is formed at height H6. At a rotational speed

of 250 rpm and higher the vortex at height H6 starts to disappear. Gas pockets are

formed behind the baffles on the reactor lid and liquid and gas flow into the center

section in the form of spirals. As the mixing intensity increases the gas pockets van-

ish. It can be seen, how strong small irregularities of the baffle design affect the flow

profile (see asymmetric gas pockets in Figure 4.4c).

The reactor volume can be divided into three parts having their specific hydrodynam-

ics, which can clearly be distinguished in Figures 4.4d, e and f. The center section,

the foam block part and the outer reactor section.

In the center section liquid flows in from the top and bubbles are created by the tur-

bulence. At low rotational speed of 150 rpm the liquid circulation and, as a result,
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(a) 150 rpm, H6 (b) 250 rpm, H6 (c) 300 rpm, H6

(d) 150 rpm, H2 (e) 250 rpm, H2 (f) 300 rpm, H2

Figure 4.4: Tomographic images of the air/water mixture at the heights H2 and H6.

the gas holdup is low in this part (Figure 4.4d). The main gas amount is found above

the liquid in form of a large vortex (Figure 4.4a). With higher rotational speed the

liquid down flow into the center section increases, so does the the gas holdup inside

the foam block. Visual observations have shown that larger bubbles of sizes up to 10

mm are trapped around the stirrer shaft at various heights depending on their size and

the liquid inflow. Bubbles with sizes less than a millimeter are formed by breaking

up these large bubbles. This center section is, therefore, comparable to down flow

bubble columns and oxygen cones for waste water treatment, which are known to

show good gas-liquid mass transfer rates.

Scanning the lower part of the reactor volume, the gas holdup inside the foam block

structure itself can be studied. The channel inside the stirrer shaft is only 3 mm; the

gas holdup can therefore not accurately be measured. The liquid flow in the reactor

is driven by radial forces. Already at a low rotational speed of 150 rpm a high gas
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holdup of 0.4 m3
Gm−3

G+L is found in the inner ring of the foam block (Figure 4.4d). The

low turbulence in the center section creates only a few bubbles. Due to the low liq-

uid velocity through the foam block these bubbles can easily be entrapped inside the

foam cells. The foam structure consists of cells with sizes of around 5 mm connected

by pores with sizes of around 1.5 mm. These pores can act as obstacles especially

for larger bubbles that need to be squeezed in order to pass them. With increasing

rotational speed up to 250 rpm the gas holdup inside the foam block is further in-

creased to values close to 0.5 m3
Gm−3

G+L (Figure 4.4e). In order to compare the gas

holdup in the cross section covering the height of the foam block, the profiles were

averaged over the entire perimeter as shown in Figure 4.5a. At even higher rotational
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Figure 4.5: Radial gas holdup profiles for a polypropylene foam at positions H1 to

H4 for water (a) and an aqueous solution of CMC (b); rotational speed 200 and 400

rpm; gas phase is air.

speeds above 250 rpm the maximal holdup values in center section and foam block

decrease again. At 400 rpm a very uniform gas holdup is found, which is with an
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average value of the 0.3 m3
Gm−3

G+L lower than at 200 rpm (Figure 4.5a).

The gas holdup is especially high at the heights H2 and H3, which represent the

core parts of the foam block. The foam cells in the top as well as the outer part

experience a higher degree of mixing than the cells in the middle of the foam block.

The immobilization of bubbles at the strut surfaces strongly depends on the opera-

tional conditions and the liquid viscosity, but also on the properties of the foam block

structure, such as pore size, porosity and material. In this work polypropylene was

used, a hydrophobic material. Using more hydrophilic materials, such as metals and

metal oxides coated with catalytically active materials, the immobilization of bubbles

would be reduced. For the gas-liquid mass transfer the immobilization of bubbles is

not a serious problem. Liquid passing these bubbles becomes saturated and the solid

phase is still accessible for the liquid to react. It has been shown that the gas-liquid as

well as the liquid-solid mass transfer is sufficiently high using 10 ppi foam structures

[5, 6].

In the outer section between foam block and reactor mantle the distribution of the

bubbles is also very uniform. Only a few gas bubbles accumulate behind the vertical

baffles. The holdup in this section was averaged over the entire section. The results

are given in Figure 4.6. A rotational speed higher than 300 rpm is required to achieve

a gas holdup higher than 5 %. Due to the high surface tension of water a high energy

input is required to finely disperse the gas phase in the entire reactor volume. As

already discussed, relatively large gas pockets are still found in the top part of the

reactor, even at a high rotational speed of 300 rpm (Figure 4.4c).

The liquid from this section between foam block and reactor wall flows back into the

center via the reactor volume above the foam block. The gas holdup in this outer re-

actor section resembles, therefore, the ratio of the gas and liquid which flows through

the foam block. It can be used to estimate the order of magnitude of the liquid veloc-

ity flowing through the foam structure. Various correlations relating the properties

of the packing material and the liquid velocity to the pressure drop have been devel-

oped for single and two-phase flow. For two-phase flow the equation developed by

Larkins and White is widely used:

log10

∆PGL

∆z

∆PG

∆z
+ ∆PL

∆z

=
0.416

(log10χ)2 +0.666
(4.3)

where χ is the Lockhart-Martinelli parameter [53–55]. ∆PL and ∆PG are the pressure

drops for single phase flow through solid foams at the same pressure. They can be

calculated using the Ergun-type Forchheimer equation:

−dP

dz
=

µ

K
u+βρu2 (4.4)
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Figure 4.6: Gas holdup profiles in the outer reactor section between foam block and

reactor wall at the heights H1 to H5 for the four liquids investigated.
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Here, u is the superficial velocity [56]. The constants β and K are parameters de-

pending mainly on the foam pore size. K is the inertia coefficient varying with the

inverse of the pore size [56]. The permeability coefficient β is proportional to the

square of the pore size. Based on the work of Bonnet et al. we used K = 8.95 ·10−8

m2 and β = 180 m−1 [56]. The power input depending on the rotational speed is

shown in Figure 4.7a.
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Figure 4.7: Power input depending on rotational speed (a) and theoretical velocity

of liquid through the foam structure (b) for the four liquids investigated.

No strong differences between the curves for the liquids investigated are found. The

power input is strongly affected by the local shear rate and the viscosity. Apparently

the viscosity difference between the liquids and the shear rates are still too low in

order to affect the power input significantly. We assume that the entire liquid flows

through the foam block and further that the main sink of energy is the flow through

that structure. Based on this assumption we can calculate a theoretical liquid circula-

tion velocity through the foam structure. The values, given in Figure 4.7b, represent

radial flow velocities at the inner diameter of the foam block. The interstitial veloc-

ities at a certain radius depend then on the gas holdup and the radius. Using these

simple assumptions the liquid velocity through the foam is certainly overestimated.

In reality the other reactor parts also contribute to energy consumption, especially

the outer part with the baffles. These values show, however, that the liquid velocity

is in the order of decimeters per second. The flow behavior can be located in the

transition regime between Darcy flow and inertial flow and both terms in equation

(3) contribute significantly to the pressure drop [56]. These low velocities facilitate

the entrapment of bubbles in the foam pores.

The bubble size distribution in the outer section is shown in Figure 4.8a. At rotational

speed of 150 rpm only bubbles smaller than the pore size can be transported through

the structure to the outer section. Using optical microscopy the average pore size for
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Figure 4.8: Bubble size distribution at different rotational speeds using water (a) and

CMC-solution, CTAB-solution and a solution of CMC and CTAB (b).

the 10 ppi solid foams was measured to be around 2-4 mm. This is also the maximal

bubble size found in the outer section at low rotational speeds of 150 rpm. These

bubbles are small enough to pass the pores without being squeezed and can there-

fore easily be transported with the liquid. The bubbles flowing through the structure

experience strong velocity and pressure fluctuations due to the complex foam cell

structure. Bordas et al. observed velocities higher than twice as the average bubble

velocity [57]. Bubbles can be trapped on the struts depending on the surface prop-

erties of the material. Due to shear forces or the mechanical interaction of passing

bubbles these immobilized bubbles can then be transported outwards. Bubbles can

coalesce, if the contact time is sufficiently large to deplete the liquid film between

them. Considering the low theoretical liquid velocities in Figure 4.7b, bubble co-

alescence is likely to occur. Theoretically, bubbles can also block the foam pores.

This can result in a reduction of the apparent porosity and an increase of the pressure

drop and further to a blocking of certain passages [57, 58]. For the use as reactor

this results in a poor accessibility of the solid foam bed as catalyst support, due to

maldistribution and a reduced mass transfer. To investigate this, we stopped the stir-

rer and opened the foam block. The main amount of bubbles found in the foam cells

were smaller than 2 mm (Figure 4.9). Only few bubbles of size between 2 and 5 mm

and no bubbles occupying entire foam cells were found.

With increasing rotational speed the turbulence in the center section between stirrer

shaft and foam block increases, as already discussed. The higher liquid flow rate
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Figure 4.9: Bubbles immobilized inside the foam structure after rotation for 10 min-

utes at a speed of 200 rpm using water.

through the foam structure transports more gas bubbles to the outer section (Figure

4.8a). Gas holdup values above 5 vol% are found for rotational speeds higher than

300 rpm in Figure 4.6. Earlier studies of the gas-liquid mass transfer have shown that

the gas-liquid mass transfer increases linearly with the power input [6]. The increase

of mass transfer is, therefore, a result of the combination of increased amount of

bubbles in the outer section and higher relative velocity between bubbles and liquid

in the center part and the foam block. With higher rotational speed the mean bubble

diameter is shifted to a value of larger than 1 mm (Figure 4.8a). The high rotational

speed provides sufficient kinetic energy to transport larger gas bubbles through the

pores. They can even be broken up by stretching or snap-off, when they are squeezed

through the pores [59]. A higher bubble density in the outer section increases, on the

other hand, also the probability of coalescence. In order to validate the results from

γ-ray tomography measurements, the bubble holdups in Figure 4.8a were summed.

The gas holdup value of 4.3 % for 200 rpm is in good agreement with the holdup of

4.5 vol% measured by tomography (Figure 4.6).

4.3.2 Non-Newtonian liquid

In various fields, especially in the white biotechnology or waste water treatment,

liquids containing large molecules are processed [60, 61]. Examples in the field of

fine chemicals are the antibody production, animal cell culture, fermentation, alco-

hol production, or stereo selective bioconversions. Porous structures have been used

as supports for enzymes and cell cultures for many years [62]. The liquids handled

in these fields often show pseudo plastic behavior. As the shear rate increases, the
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large molecules stretch and the viscosity is reduced. The viscosity can even change

in time at constant shear rate. Aqueous carboxymethyl cellulose (CMC) mixtures

are commonly used to investigate the behavior of non-Newtonian fluids [60, 63, 64].

Addition of this biopolymer strongly increases the viscosity compared to pure water.

The fluid shows, however, pseudo plastic behavior, the viscosity is reduced to a cer-

tain extent as the shear rate increases. This can be seen in Figure 4.2. The effect is

especially strong at low shear rates.

Processing the CMC solution, the gas holdup averaged over the radius in center sec-

tion and foam block is shown in Figure 4.5b. A tomographic image is shown in Fig-

ure 4.10b. In the center section the gas holdup is strongly reduced compared to water.

The viscous term in equation (3) increases as the viscosity increases. This results in

a slower liquid circulation velocity, as shown by the theoretical liquid circulation ve-

locity in Figure 4.7b. This leads, consequently, to a reduced bubble formation.

The few small bubbles formed are then transported through the foam. The low ve-

locities enable the entrapment of a large number of bubbles. Interestingly these gas

bubbles are not trapped immediately when entering the foam block. Instead, a re-

gion of high gas holdup with values exceeding 0.4 m3
Gm−3

G+L is rather found in the

core and bottom part of the foam block (Figure 4.5b). This can be explained by the

viscosity and the surface tension of the CMC solution. At low velocities, bubbles

can only be transported through the foam, if they are small enough to pass the foam

pores. Compared to water the surface tension is reduced (Table 4.2). The bubble

size distribution found in the reactor section between foam block and wall is indeed

shifted to diameters of less than 1 mm (Figure 4.8). When the liquid flows outwards

through the foam block the flux is reduced as the area perpendicular to the flow di-

rection increases. Due to the pseudo plastic behavior the viscosity increases with the

radius. A larger viscosity in the outer foam block section favors the entrapment of

gas bubbles.

In Figure 4.5b at high rotational speed of 400 rpm, the foam volume containing a gas

holdup higher than 0.3 m3
Gm−3

G+L is enlarged, compared to water. This is expected,

several correlations for down flow bubble columns show that the gas holdup is in-

creased with the viscosity [65, 66]. The gas holdup in the outer reactor section is

similar to water (Figure 4.6).

We are here operating the reactor in two regimes at the same time. In the outer sec-

tion the flow is turbulent resulting in a reduced viscosity and a good mixing of gas

and liquid. In the center section and the foam block part the turbulence is strongly

reduced due to the high viscosity. In this low interaction regime bubble coalesce and

are trapped in the foam block. These results can further be used to draw conclusions

on the mass transfer performance. In case of the CMC solution the gas-liquid in-

terfacial area is strongly increased due to the smaller bubble sizes as a result of the

reduced surface tension (Figure 4.8). A high viscosity leads, on the other hand, to
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(a) H2O, 400 rpm, H2 (b) CMC, 400 rpm, H2

(c) CTAB, 400 rpm, H2 (d) CMC+CTAB, 400 rpm, H2

Figure 4.10: Tomographic images of Newtonian, non-Newtonian, foaming and non-

Newtonian foaming liquid at height H2; rotational speed 400 rpm; gas phase air.
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low gas-liquid and liquid-solid mass transfer coefficients kGL and kLS, respectively.

For high viscosity liquids the solid foam pore size should be not too small. In case

of the CMC-solution a 10 ppi foam results already in a low velocity of less than 0.3

ms−1. Smaller pores or higher viscosities lead to an even lower velocity facilitating

the entrapment and coalescence of bubbles in the pores and blocking of passages.

Any advantage of using small pore sizes for catalyst deposition would be counter-

balanced by these effects.

4.3.3 Foaming liquid

Several liquids in industrial use show foaming behavior. Examples are naphtha,

diesel fuels, kerosene or crude lubricating oils [67]. Operating in the low interac-

tion regime, the trickle flow regime, they behave similar to non-foaming liquids. In

the high-interaction regime these liquids produce a foam instead of showing pulse

flow, bubble flow or spray flow [67]. Reactions, which release gaseous by-products,

can also result in foaming behavior [68]. In order to study a foaming liquid, surfac-

tants are added in small amounts. They do not change the viscosity (Table 4.2). Due

to their molecular structure they form a monolayer on the gas-liquid interface and

reduce the surface tension. Cetrimonium bromide (CTAB) is commonly used as a

standard compound for the hydrodynamic study of foaming liquids, so it is in this

work [60, 69].

Already at a rotational speed of 200 rpm the gas holdup approaches 10 % in the top

part of the reactor (Figure 4.6). A fast transition was observed from a clear solution

containing few bubbles to an emulsion-like fluid with bubbles of diameter far less

than a millimeter. The increase of the rotational speed to 300 rpm results in the dis-

tribution of these fine bubbles over the entire reactor volume. No gas pockets behind

the baffles were observed. The gas holdup inside the foam block in Figure 4.11a is

already at 200 rpm very uniform, comparable to water at 400 rpm. No difference in

the gas holdup between 200 and 400 rpm can be found in Figure 4.11a. The absolute

values are with 0.25 m3
Gm−3

G+L also similar to water. This means that the centrifugal

force is applied on the same liquid volume. The power input in Figure 4.7a is also

similar. The fine dispersion leads, however, to strong interactions between bubbles

and liquid. Foaming results in a steep increase of the two-phase pressure drop and

in this case a strong reduction of the flow velocity [67]. This was not included in

our simple model for the liquid flow. So, the liquid velocity shown in Figure 4.7b is

certainly strongly overestimated for the CTAB-solution.

The bubble size distribution in the outer reactor part is found in Figure 4.8b. CTAB

reduces the surface tension without increasing the viscosity, in contrast to CMC. This

results in a higher amount of bubbles smaller than 0.25 mm. In combination with the

high gas holdup in this section, this strongly increases the gas-liquid interfacial area.

83



CHAPTER 4. GAS HOLDUP AND BUBBLE SIZE

1.0

0.5

0.0

G
a

s 
h

o
ld

u
p

 [
m

G

3
m

G
+

L

-3
]

-80 -40 0 40 80
Radius [mm]

Foam block Foam block
200 rpm 400 rpm

(a)

1.0

0.5

0.0

G
a

s 
h

o
ld

u
p

 [
m

G

3
m

G
+

L

-3
]

-80 -40 0 40 80
Radius [mm]

Foam block Foam block
200 rpm 400 rpm

(b)

Figure 4.11: Radial gas holdup profiles for a polypropylene foam at positions H1 to

H4 for an aqueous CTAB solution (a) and an aqueous solution of CTAB and CMC

(b); rotational speed 200 and 400 rpm; gas phase air.

The low surface tension combined with a low viscosity results in a high interaction

flow over the entire reactor volume. In the zones of high mixing intensity the emul-

sion is formed, which keeps stable when flowing through the foam block. Foaming

can further lead to an increased reactor pressure. If this has to be avoided, one should

work in the low interaction regime. Low rotational speeds of less than 200 rpm are

an option for slow reactions, where mass transfer limitations are not an issue. If high

mass transfer is required, anti-foaming agents have to be added.

4.3.4 Non-Newtonian foaming liquid

A combination of surfactants and carboxymethyl cellulose results in a foaming liquid

of high viscosity, comparable to the viscosity of the CMC solution (Figure 4.2). At
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a moderate rotational speed of 200 rpm a gas holdup profile similar to the CMC

solution is found, when comparing the Figures 4.5b and 4.11b. The entrapment of

gas bubbles is reduced, which could be due to the low surface tension. It is with 44

mN·m−1 the lowest of the four liquids investigated. This also results in the smallest

average bubble diameter found in the outer reactor section at a low rotational speed

of 150 rpm (Figure 4.8b). The small bubbles are easier transported through the foam

pores. The gas holdup in the outer section is still low, from which we can conclude

to operate in the low interaction regime (Figure 4.6). At a rotational speed between

200 and 300 rpm the transition to the foaming regime occurs as a high gas holdup

can be observed in Figure 4.6. Compared to the pure CTAB solution this transition

point, above which the foam is formed, is shifted to higher rotational speeds due to

the increased viscosity. At high rotational speed of 400 rpm the gas holdup in the

center section as well as in the foam block is also comparable to the CMC solution

(Figures 4.5b and 4.11b, further in Figure 4.10b&d). For the foaming liquid with

low viscosity, the CTAB solution, we observed a constant gas holdup in the center

section and the foam block. Using the combination of CMC and CTAB the holdup

in the center section is lower. Coalescence of bubbles occurs and the foaming liquid

starts to collapse. During the flow through the foam bubble coalescence is expected

to continue. As the fluid passes the struts, larger bubbles are formed and entrapped

resulting in a gas holdup of more than 0.4 m3
Gm−3

G+L. Similar to the CMC solution, the

high gas holdup is found in the core part rather than in the inner ring of the solid foam

block. As already discussed, this is due to the increase of viscosity going along with

the reduced interstitial velocity of the outflowing liquid. The foaming in the outer

section results in a low circulation velocity of liquid. Higher viscosity further reduces

the flow rate through the porous bed compared to the CTAB solution. This gives

neighboring bubbles time to coalesce. Mechanical interactions imposed on the liquid

film between bubbles, when they are passing the struts and pores, also contribute to

the coalescence. Similarly to the CMC solution we are operating in two regimes.

In the outer reactor section high turbulence and shear rates create a fine dispersion

combined with a reduced viscosity resulting in foaming of the liquid. When the

dispersion enters the center section, velocity and turbulence are strongly reduced and

bubbles coalesce. In the foam block this continues resulting in larger bubbles and a

high gas holdup. In this zone of low interaction, gas and liquid separate. As gas and

liquid exit the foam block, the turbulence increases rapidly, the bubbles break up and

the emulsion is formed.

4.3.5 Newtonian liquid

To study the influence of viscosity using a Newtonian liquid, the gas-holdup for wa-

ter was compared to a 80:20 wt% mixture of glycerol and water and pure glycerol.

85



CHAPTER 4. GAS HOLDUP AND BUBBLE SIZE

The properties of the measured liquids are listed in Table 4.2. The values agree well

with literature data [70–72]. The viscosity increases strongly with the glycerol con-

centration. The surface tension is also reduced compared to pure water. The effect

on the gas holdup can be seen in the tomographic images in Figure 4.12 and will be

discussed in the following. As already discussed in the previous section, using water

in combination with a 10 ppi foam, the liquid velocity through the foam block pores

is in the range of 0.2 to 0.6 ms−1. As the liquid flows into the center section above

the foam block, it is mixed with gas. The produced bubbles are then transported

through the foam. Regarding the gas-holdup, at low rotational speeds of 200 rpm,

strong differences can be found depending on the viscosity. Using the 80:20 wt%

mixture of glycerol and water, the viscosity is increased 80 times. This results in a

strong reduction of the liquid circulation velocity through the foam block. Theoreti-

cal values less than 50 % compared to water are found in Figure 4.13b.

In the center section between foam block and stirrer shaft still a high average gas-

holdup similar to water is found. This can be explained by two effects. First, the

liquid inflow into this section is still high enough to achieve a sufficient formation

and break up of bubbles. Additionally, the reduced surface tension improves the

bubble breakup. In this case of glycerol/water, the gas-holdup in the center section

is strongly reduced moving from height H4 to H2 (Figure 4.14a). As a comparison,

for water the holdup is relatively uniform over the heights H2 to H4 (Figure 4.16a

in the next section). Further, the gas-holdup inside the foam block is reduced with

increasing viscosity, especially in the inner radius of the foam block. This can be ex-

plained by the formation of significantly larger bubbles. These accumulate in the top

part of this section close to the stirrer shaft and gas-liquid interface, which was also

observed visually. A similar profile has been obtained investigating the gas-holdup

of non-Newtonian liquids with a comparable viscosity [7]. The volumetric flow rate

into the foam block is too slow to transport the bubbles.

The use of pure glycerol results in an even lower liquid circulation. Figure 4.13b

shows that the velocity through the solid foam cells is in the order of centimeters per

second. This low circulation velocity results in a low liquid inflow into the center

section and a low gas-holdup in the section between stirrer shaft and foam block.

At a rotational speed of 300 rpm, the average gas-holdup increases with the rotational

speed for both liquids and the gas-holdup in center section and foam block becomes

more uniform. The holdup profile for the glycerol/water mixture becomes similar to

water (Figures 4.14a and 4.16a). For pure glycerol the profile shows a lower unifor-

mity over the radius. Comparing different reactor heights, a gradient is still visible.

Figure 4.13a shows that for the glycerol/water mixture, the Power number is still

independent of the Reynolds number, the latter being in the range of 103. The flow

dynamics in the outer reactor section between foam block and reactor mantle can still

be described as turbulent, but already close to the transition regime between laminar

86



4.3. RESULTS & DISCUSSION

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

(a) H2O, 10 ppi, 300 rpm, H2

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

(b) H2O, 20 ppi, 300 rpm, H2

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

(c) Glycerol/H2O (80/20 vol%),10 ppi, 300 rpm, H2

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

(d) Glycerol, 10 ppi, 300 rpm, H2

Figure 4.12: Tomographic images of water, a glycerol/water mixture and glycerol

at height H2; rotational speed 300 rpm; gas phase air; foam pore sizes 10 ppi and 20

ppi.
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Figure 4.13: Power input depending on Stirrer Reynolds number (a) and theoretical

velocity of liquid through the foam structure depending on the power input (b).

and turbulent flow. For glycerol, the Reynolds number has values between 50 and

200. This is clearly in the laminar regime and, thus, the Power number becomes

dependent on the Reynolds number (Figure 4.13a).

Regarding the gas-holdup in the outer section between foam block and reactor wall,

a trend similar to the reactor volume around the stirrer shaft is observed in Figure

4.15. For the pure water system, the gas-holdup is uniform over the heights H1 to H5.

With increasing viscosity, the gradient develops. For pure glycerol, the gas-holdup

at height H5 even exceeds the holdup for water. This suggests that the bubbles in

this reactor section are mainly produced at the baffles on the reactor lid. They are

not transported through the foam block, but circulate in the reactor section above the

foam block.

Concerning the mass transfer rates, this has several consequences. As the viscos-

ity increases, the Reynolds number is reduced. Further the diffusion coefficient and

the kGL-value are reduced. Additionally, as already discussed, the gas-liquid mass

transfer becomes more and more localized to the top part of the reactor. The lower

reactor part is not significantly contributing to the gas-liquid mass transfer. At higher

viscosity, the gas-liquid mass transfer inside the foam block occurs mainly between

immobilized bubbles and the passing liquid. With a low liquid velocity and a high

viscosity, the kGL-value is low, consequently.

Similar conclusions can be drawn for the liquid-solid mass transfer. The kLS-value

is reduced with the diffusion coefficient using higher viscosity, but further by the

reduced velocity of liquid passing the foam block struts [73].

Comparing the Reynolds numbers based on the strut diameter in Table 4.3, we find

that already for the glycerol/water mixture the Reynolds number is two orders of

magnitude lower compared to water. The flow passing the struts is, thus, laminar
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Figure 4.14: Radial gas-holdup profiles for a polypropylene foam at positions H1 to

H4 for a mixture of glycerol and water (80/20 vol%) (a) and glycerol (b); rotational

speed 200 and 300 rpm; gas phase air.

Table 4.3: Reynolds numbers based on the stirrer and strut diameter.

Liquid ppi Restirrer at 300 rpm Restrut at 300 rpm

Water 10 105 413

Water 20 105 175

Water/glycerol 10 2600 1.9

Glycerol 10 150 0.026

and vortex free and no mass transfer enhancement due to the flow around the struts

is found. In order to improve the liquid flow at higher viscosities, a larger pore size

needs to be used. This would increase the liquid circulation rate and the Reynolds

number inside the foam pores, but would also reduce the liquid-solid interfacial area.
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Figure 4.15: Gas holdup profiles in the outer reactor section between foam block

and reactor wall at the heights H1 to H5 for water using 10 ppi and 20 ppi foam pore

size (a) and glycerol and glycerol/water (80/20 vol%) using a 10 ppi foam (b).

Additionally, as already mentioned, bubbles passing the struts induce velocity fluc-

tuations, which enhance the liquid-solid mass transfer rates.

4.3.6 Effect of pore size

In the case of a rotating foam reactor and using water as working fluid, the power

number is constant in the range of rotational speeds investigated. A similar power

input means that the pressure drop over the bed is comparable and the liquid velocity

is reduced compared to larger pores. In general the energy dissipation consists of

three parts: i) flow through the foam block; ii) backflow to the reactor center; iii)

turbulence in the outer reactor volume. In Figure 4.13b, the inflow velocity of liquid

is shown, assuming that the energy applied to the system is entirely consumed by

the flow through the foam block. Due to energy dissipation in the remaining reactor

volume, especially at the baffles, the actual velocity is lower than that value. The

centrifugal forces on the liquid in the foam block is, however, the main driving force

for liquid flow. Using a solid foam block, the power input would be very low. Figure

4.13b gives, thus, a reasonable estimate of the order of magnitude of the liquid cir-
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culation velocity. Using a 20 ppi foam block, Figure 4.13b shows a theoretical liquid

inflow velocity, which is two third of the value for the 10 ppi foam block. Further,

the penetration of bubbles through the smaller pores is hindered and the bubbles are

easier trapped inside the solid foam cells. This effect leads to a high gas holdup in

the Figures 4.12d and 4.16b. Holdup values exceeding 0.5 m3
Gm3

G+L are found. Such
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Figure 4.16: Radial gas-holdup profiles for a polypropylene foam with a pore size

of 10 ppi (a) and 20 ppi (b) at the positions H1 to H4 for water; rotational speed 200

and 300 rpm; gas phase is air.

a high holdup results eventually in coalescence of bubbles. After stopping the stirrer,

bubbles leaving the foam block on top with sizes of more than 10 mm have been

observed, while the foam cell size is around 3 mm. This shows the existence of dry

sections of the foam block, which do not contribute to the mass transfer and reaction

rate. Further, the cross sectional area available for the liquid flow is reduced. This

reduced the cross sectional area for liquid flow through the foam block and the flow

rate. As a result, the gas-holdup in the reactor section between foam block stirrer and
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reactor mantle is also reduced (Figure 4.15a).

Visual observations have shown that the bubble size for both pore sizes is less than

2 mm for a rotational speed of 200 rpm. Using higher rotational speeds for the 10

ppi foam block larger bubbles of up to 5 mm are formed by coalescence at higher

gas-holdups. For the 20 ppi foam, the bubble size is still less than 2 mm even at

high rotational speeds of 300 rpm. In the outer section, using water, the flow can

be characterized as turbulent. As the Reynolds number is larger than 1.2·104, the

power number is independent of the rotational speed and depends only reactor de-

sign and the liquid density [74]. Both foam block stirrers have the same dimensions.

As a result, the Power number is constant over the entire range of measured rota-

tional speeds, as shown in Figure 4.13a. Additional energy is dissipated by the flow

through the foam pores. The radial forces are exerted on the same liquid volume due

to a similar bed porosity and comparable gas-holdups. The energy dissipation per

bed volume is, therefore, also comparable.

Assuming the liquid velocities shown in Figure 4.13b for 300 rpm, the Reynolds

number inside the foam block based on the strut diameter is around 420 for the 10

ppi foam and 180 for the 20 ppi foam (Table 4.3). The flow can be described in the

laminar regime, but not vortex free. For Reynolds numbers higher than 50, the flow

past cylinders forms Karman vortex streets [75].

To summarize, the reduction of the solid foam pore size results in a reduced liquid

circulation velocity. The mixing of gas and liquid in the center section is reduced and

fewer bubbles are transported through the foam block to the outer reactor section. A

large amount of these bubbles entering the foam block is trapped inside the solid

foam cells, which increases the pressure drop even more.

We can now relate this to the mass transfer performance. The gas-liquid mass trans-

fer depends on the gas-holdup, the bubble size and further on the refreshment rate

of the gas liquid interface. All three parameters are directly related to the velocity

of liquid circulation. Using a 20 ppi foam block, the low liquid inflow velocity re-

duces the mixing and the gas-holdup in the center section around the stirrer shaft.

This results in both lower kGL- and aGL-values. A slow liquid flow through the foam

block passing the trapped bubbles results additionally in lower kGL-values. In the

outer section the gas-holdup and therewith the aGL-value is reduced as well (Figure

4.15a). The kGL-value in that section should be similar to the 10 ppi foam, as long

as bubble coalescence in the foam block pores is not significant. Consequently, we

find that the gas-liquid mass transfer is reduced with smaller pore size, which is in

agreement with values obtained for the absorption rates of oxygen into water shown

in the previous chapter.

The liquid-solid mass transfer rate depends on the geometric surface area of the foam

block and on the relative velocity between liquid and solid. A smaller pore size re-

sults in higher liquid-solid interfacial area. Considering the foam block structure
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only, a 10 ppi foam has a specific surface area of around 500 to 600 m2m3, while us-

ing a 20 ppi foam the value is 900 to 1000 m2m3. This is, however, counterbalanced

by the reduced liquid velocities through the foam. In earlier measurements, we found

that the kLSaLS-value is around one third higher using a 20 ppi foam block compared

to a 10 ppi foam block. The higher pressure drop does not completely counterbalance

the interfacial area and a smaller pore size is still beneficial. Even smaller pore sizes

would result to even lower liquid circulation. Next to the increased bubble entrap-

ment, also practical difficulties concerning catalyst deposition would arise. Smaller

pore sizes are, therefore, only beneficial, if the gas-liquid mass transfer is sufficiently

high and the process is liquid-solid mass transfer limited, catalyst pore diffusion lim-

ited or kinetically limited.

4.3.7 Effect of Foam Block and Reactor Height

In the previous sections a foam block and reactor height of 50 and 100 mm were

used, respectively. A liquid volume of 2.0 mm ensured a good wetting of the foam

block at all rotational speeds. No dry section around the stirrer shaft was observed.

In order to increase the production rate, the reactor volume needs to be increased.

The foam pore size should be kept between 10 and 20 ppi to provide a high interfa-

cial area. In this work only preliminary measurements with an increased reactor and

foam block height were performed. The liquid volume was increased accordingly.

Figure 4.17 shows tomographic images for two measurement planes using rotational

speeds of 200 and 300 rpm. One can clearly see that only the top part of the foam

block is wetted, in case of 300 rpm not even completely. For both rotational speeds

the liquid flow into the center section is insufficient. A dry zone is formed between

foam block and stirrer shaft resulting in a poor wetting of the lower section of the

foam block (Figures 4.17c and d). From the wetted top part of the foam block the

liquid flows downwards and outwards by the combination of gravity and centrifugal

forces leaving a large part of the foam block dry. In the outer reactor section between

foam block and reactor wall we find a gas holdup close to zero. The result is a sepa-

ration of gas, accumulating in the reactor center, and liquid, filling the outer reactor

section between foam block and reactor wall. This becomes even more evident at

higher rotational speeds of 300 rpm (Figure 4.17d).

To overcome that situation of poor wetting, various aspects can be improved: The

reduction of the rotational speed lower than 200 rpm is not an option, as it would

decrease both kGLaGL- and kLS-values. Further, the liquid volume can be increased.

This will improve the wetting but reduces the ratio of foam bed volume to liquid

volume.

The highest potential is expected in the design of foam block and reactor. One can

increase the inner diameter of the foam block. This will have a similar effect as the
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Figure 4.17: Tomographic images of water at heights H4 and H2; rotational speed

200 and 300 rpm; liquid phase H2O; gas phase air; foam pore size 10 ppi; foam block

height 100 mm, reactor height 200 mm.
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increased liquid volume. The liquid inflow is increased, while the bed volume is

reduced. Commonly, to upscale the process, one would increase both height and di-

ameter simultaneously and keep sufficient volume above and below the foam block

for the liquid to circulate. The design, has, however, to be optimized based on the

constraints of the reaction kinetics, desired mass transfer rates and the required cata-

lyst loading.

4.4 Concluding Remarks

γ-ray tomography has been found to be a valuable and easy to use measurement

technique for studying structured three-phase reactors. It gives a detailed view of

the hydrodynamics occurring in various reactor sections. In order to understand and

optimize these hydrodynamics of the reactor system various parameters have to be

accounted for. The reactor volume has to be divided into different sections concern-

ing the prevailing hydrodynamics. Every section shows still high potential for further

optimization. In the outer reactor section the flow is highly turbulent. The surface

tension has the main effect on the dispersion of gas into liquid. We have seen that

low surface tension can result in a fast transition to foaming behavior.

At higher viscosities only a somewhat higher rotational speed has to be maintained

to switch from the low interaction regime to the high interaction regime. In the cen-

ter section bubbles can be formed or coalesce, which strongly depends on the liquid

circulation rate. High viscosities strongly reduce the turbulence in that part, which

results in a low gas holdup and a low bubble formation rate. Low viscosities result in

a fast liquid flow and a high bubble formation rate. To improve this, the reactor shape

should be convex and the baffles have to be optimized in order to direct the liquid

into the center section and facilitate a fast circulation. In the foam block part a sim-

ilar trend was found. The viscosity is the dominant parameter. For low viscosities,

such as water or the CTAB solution, the dispersion of bubbles is stable. The flow

is continuously disrupted when passing the struts and the pores of the solid foam.

This results in a uniform profile of the gas holdup. At high viscosities, however,

phase separation occurs; bubbles are trapped, which results in a high gas holdup in

the porous stirrer.

The foam block stirrer investigated is especially interesting for liquids having a vis-

cosity of less than 50 mPas. The liquid flow through the struts can be characterized as

laminar, but showing vortices, which results in high liquid-solid mass transfer rates.

Using smaller pore sizes, the liquid-solid interfacial area increases, and the liquid

circulation is reduced. This leads to bubble entrapment in the foam block and a re-

duced gas-holdup in the remaining reactor volume, especially in the center section

around the stirrer shaft. Using medium foam block pore sizes of 10 to 20 ppi, the
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trade off between these phenomena results in a high liquid flow velocity through the

pores in the order of decimeters per second.

Using liquids of high viscosity, the liquid circulation through the foam block is

strongly reduced. The liquid flow along the struts is vortex free and the bubble for-

mation rate is strongly reduced. Significant gas-holdups are found only in the upper

reactor part. In order to use the entire reactor volume efficiently, the rotational speed

can be increased. This would increase the liquid circulation and a more homoge-

neous gas-holdup over the height. Other adjustments can be done on the design of

the reactor and foam block. For higher viscosities, the foam block pore size can be

increased in order to reduce the pressure drop and increase the liquid circulation.

An important point is the design of foam block and reactor. As the bottom part does

not sufficiently take part in the mass transfer process, the foam block size in this

part should be reduced, for example by using a conical foam block shape. Further,

the distance between foam block and reactor bottom should be increased in order to

allow the liquid also circulate below the foam block and not only above. The baffle

design can be optimized in order to improve the liquid flow into the center section.

The foam block could be structured having a smaller pore size in the inner part al-

lowing only small bubbles to pass the structure. With increasing diameter the pore

size could enlarge, reducing the pressure drop over the bed. The liquid velocity, the

bubble formation rate in the center section and the gas-liquid mass transfer could be

increased. This would be especially interesting for non-Newtonian liquids.

For foaming liquids already at low rotational speeds of 200 rpm or less the transition

to foaming behavior can occur. In this work a stirrer occupying a large part of the

reactor volume was used. A different design of the foam block stirrer and the ad-

justment of the rotational speed could shift the inset of foaming to higher values and

therefore increase the liquid flow through the foam block. As shown in the example

of non-Newtonian foaming liquid, different sections with high turbulence for foam

creation and low turbulence for foam collapse can be created in order to keep the

foaming at a desired level.

Design parameters such as foam block height and width have a strong influence on

the liquid circulation and wetting of the foam block surface. Reduced liquid inflow

into the center section can result in a large dry section inside the foam block and a

low liquid-solid interfacial area. This can be avoided by optimization of the foam

block inner and outer diameter and foam height.
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5
Preparation of Porous Alumina Coatings

on Aluminum Foams*

Highly stable alumina coatings were prepared on aluminum foams by a combination

of anodization and wash coating. The structure of the coating layers was investigated

using electron microscopy and X-ray diffraction. Nitrogen adsorption and mercury-

porosimetry were applied to determine the pore size distribution and specific surface

area. Mechanical stability was tested using ultrasonic vibration. Anodizing condi-

tions used in this work, produce a highly stable oxide coating with a specific surface

area up to 2.5 m2g−1
foam. These layers can be used directly as low surface area cat-

alyst support, but also as sub layers in order to increase the mechanical stability of

an applied wash coat. For the wash coat, alumina particles in micrometer size range

were used. By adjusting the alumina content in the wash coat slurry between 20 and

40 wt%, homogeneous coatings were produced with a thickness between 5 and 25

µm, a porosity of around 50 % and a specific surface area up to 24 m2g−1
foam. The

interparticle pores in the micrometer size range provide the space for a high mass

transfer of gas and/or liquid reactants to the catalytic surface. The addition of col-

loidal alumina particles with a particle size of less than 200 nm increases the coating

stability. Additional use of an anodization layer resulted in a mass loss of less than 2

wt%.

*Published as part of: Leon, M. A.; Tschentscher, R.; Nijhius, T. A.; van der

Schaaf, J.; Schouten, J. C. Rotating Foam Stirrer Reactor: Effect of Catalyst Coating

Characteristics on Reactor Performance. Ind. Eng. Chem. Res. 2011, 50, 3184.
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5.1 Introduction

5.1.1 Structured catalyst supports

Structured supports are widely used in industrial catalysis in order to disperse the cat-

alytically active material and ensure its accessibility for reacting components. In the

last decades several structures, such as Sulzer packings, honeycombs, solid foams

or fiber mats, have been applied as catalyst supports in multiphase reactors [1–7].

Their advantage compared to particles or pellets is the high bed porosity leading to

a lower pressure drop, while still having a high specific surface area [7]. Structured

supports are mechanically very stable and provide an intensive contact between the

phases [7]. Their uniform structure avoids flow channeling, hot spots or blocking of

passages. This is especially important for reactions which are strongly exothermic,

such as partial oxidations and hydrogenations. Although the geometrical surface area

of the mentioned packings is high, this is most often still far too low for the use as

catalyst support. Different workers report the increase of the specific surface area by

deposition of porous metal oxides or carbon nanofibers [8–12].

5.1.2 Solid foams

Solid foams are primarily used as deep-bed filters for molten metals and sooth con-

taining gases. They are very promising materials for the application as catalyst sup-

ports in packed bed reactors, due to their low density and mechanical strength [8].

Especially metallic foams are mechanically stable and highly thermal conductive.

They show good prospective of achieving high cell densities and therefore high spe-

cific surface areas [10]. Solid foams consist of interconnected struts forming a three-

dimensional cellular system. The geometrical structure can therefore be described as

a network of irregularly shaped polyhedrals, the foam cells, connected by pores, as

shown in Figure 1.1 [13, 14].

Two main parameters have been defined for the description and comparison of solid

foam structures. Manufacturers use the pore count, given in pores per linear inch

(ppi), which is the reciprocal value of the pore size. Comparing the foams from dif-

ferent manufacturers, strong structural differences were found for similar values of

pores per inch. In order to characterize the structure completely, a second parameter,

the strut thickness, is necessary. From this strut thickness different foam charac-

teristics, such as the geometrical surface area and pressure drop, can be calculated

[13, 14]. Properties of commercially available solid foams are given in Table 5.1.

The hydrodynamic characteristics of solid foams can be compared to honeycomb

monoliths. Both have a low pressure drop, due to the high porosity. However, as
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Table 5.1: Characteristic parameters for solid foams.

Materials Ni, Ni-Cr, Al,Cu

Al2O3, mullite, ZrO2,

C, SiC, polymers

Pore count (pores [ppi] 5-100

per linear inch)

Porosity [m3
voidm−3

foam] 0.70-0.98

Specific surface area [m2
foam m−3

foam] 500-6600

Producers ERG Materials and Aerospace Corp.,

Recemat International BV

Vesuvius Group S.A./N.V.

M-Pore

an advantage compared to honeycomb monoliths, solid foams strongly increase the

mixing of fluids, especially in directions perpendicular to the flow, due to the con-

tinuous disruption of the flow pattern [14]. Fluid streams split and combine, when

passing the pores and small turbulences behind the struts contribute to the mixing

[10]. Stemmet et al. have studied the rate of gas-liquid mass transfer for trickle flow,

bubble and slug flow operations of reactors packed with open cell solid foams [7].

Compared to spherical particles, the pressure drop is significantly reduced and, for

example in a co-current up-flow configuration, the rate of gas-liquid mass transfer

is clearly enhanced. Dispersed bubble flow through packed beds structures leads to

strong fluctuations of the bubble velocity, which strongly increases the mass transfer

between gas and liquid [15].

5.1.3 Catalyst coating

Solid foams show a high specific surface area up to 6600 m2m−3
foam (Table 5.1). Nev-

ertheless for the application as catalyst support this area is still far too low. A typ-

ical catalytic reactor has a specific surface area of 106 to 107 m2m−3
reactor. This can

be achieved by deposition of a micro porous catalyst support material on the foam

structure, which increases the thickness of the struts and therefore reduces the size

of the cell connecting pores. Figure 5.1 shows the correlation between coating thick-

ness and achieved specific surface area assuming a homogeneous alumina coating.

Geometrical surface area and pore size were calculated based on the foam material,

density and ppi-number using the correlations from Fourie and Du Plessis [14]. BET

measurements of clean aluminum foams have shown that the specific surface area
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Figure 5.1: Calculated specific surface area and ratio between original and residual

pore diameter depending on coating thickness and pore count. Alumina coating,

assumed porosity=0.5, specific surface area of coating = 110 m2g−1
wash coat.

and geometrical surface area are comparable and no pores are present. A wash coat

of 20 µm thickness increases the specific surface area of 10 to 30 ppi foams about

four orders of magnitude. However, applying a wash coat leads to an increase of the

strut thickness and, therefore, to a reduction of the pore size, also shown in Figure

5.1. This can significantly increase the pressure drop [9]. Pores can get blocked lead-

ing to inaccessibility of certain passages and therefore inefficient use of the catalyst.

However, the pores retain more than 95 wt% of their original size when a homoge-

neous wash coat with a thickness of 20 µm is applied on 10 to 30 ppi foams. The

pressure drop is, therefore, not expected to increase significantly, when liquid or gas

flow is applied. The coating thickness can be calculated from the foam weight or di-

rectly be measured using electron microscopy. The latter method also gives an idea

about the homogeneity of the wash coat layer.

In the literature several recipes to prepare catalyst layers on solid foams and honey-

comb monoliths are available [1, 8, 10, 16, 17]. Only few publications report about

the stability of the catalyst coatings applied on foams, although this is very important

for the application in three-phase reactors due to the high shear forces imposed by

the liquid flow. Giani et al. used a dispersion of pseudoboehmite as precursor for the
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preparation of γ-Al2O3 layers on FeCrAlloy foams [8]. They preoxidized the foams

by calcination for 10 h at 500-1000 ◦C in order to increase the adhesion between the

particles and the foam structure. They achieved homogeneous coatings of 3-6 wt%

with good mechanical stability. On the basis of an alumina wash coat, a mass loss

of maximal 4 wt%, a specific surface area of 143 m2gcoating, and a porosity of 0.384

m3
voidm−3

coating was reported. Similar results were achieved for alumina wash coating

of honeycombs [16, 17]. These sol-gel coatings have a very small average pore size

of 10.8 nm. This can result in severe diffusion limitations and inefficient use of the

wash coat, especially in three-phase reactions. The works discussed so far used parti-

cles in the micrometer range only, so the adhesion of the coating on the metal support

is primarily achieved by mechanical interactions, such as interlocking between the

rough surface and the wash coat particles, rather than by chemical bonding [10].

Nijhuis et al. used alumina dispersions having a bimodal particle size distribution

consisting of large particles of around 1-10 µm with a high internal surface area [1].

The addition of colloidal alumina with a particle size of 50 nm as binder increased

the interaction of the coated particles with the support.

5.1.4 Surface oxidation

An aluminum oxide layer can also be grown by oxidizing the aluminum strut surface.

By choosing optimal conditions, the foam surface is roughened and a pore structure

with a high specific surface area is formed. The disadvantage is the decreased me-

chanical integrity of the foams, if this process reduces the mechanical stability of the

struts significantly. The oxidation methods can be divided into chemical, thermal, or

electrochemical treatments. The former two methods result in very soft, powdery ox-

ide layers, while the latter one may lead to the formation of hard and stable coatings

[18]. Anodizing parameters, such as electrolyte type and concentration, temperature

and applied current/voltage, strongly influence the morphology of the oxide layer.

The porosity increases with higher temperature and acidity of solution. In the same

way the solubility of aluminum increases leading to a destabilization of the strut.

The influence of the current density depends on the temperature and on the level of

agitation. If the agitation is adequate, higher current density decreases the dissolu-

tion rate of the aluminum strut [19]. The underlining electrochemical process is well

described by O’Sullivan et al. [20]. Hydrogen is produced at the cathode:

6H2O+6e− −→ 6OH−+3H2 (5.1)

Aluminum is dissolved at the metal-oxide interface of the anode:

2Al −→ 2Al3++6e− (5.2)
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The cations migrate through the oxide layer, react with O2− or OH− ions to form

alumina:

2Al3++6OH− −→ Al2O3 +3H2O (5.3)

First a nonporous barrier layer is formed on the metal surface. At a certain thickness,

which depends on the applied current and electrolyte, pores are formed by disso-

lution of alumina. Application of an electric field polarizes the oxide bonds at the

barrier layer surface. Solvation of Al3+ is facilitated by water molecules. O2− is re-

moved by H3O+ ions. Especially the dissolution of alumina is strongly temperature

dependent leading to highly porous oxide layers already at room temperature.

Sanz et al. produced alumina coatings on aluminum foams using anodization [9, 10].

They studied the coating characteristics for different preparation conditions varying

the temperature and current density. By anodization for 20 min at 40 ◦C, using a

current of 2 A per monolith, coating layers with a specific surface area up to 10

m2g−1
monolith and thicknesses up to 80 µm were achieved. However, the pore size

of less than 25 nm can lead to diffusion limitation and ineffective use of the catalyst

layer using three phase reactions. This treatment can also be used to grow a sub layer

to increase the anchoring of a wash coat on the foam. Sanz et al. prepared Pt-ZSM5

coatings on aluminum foams using anodizing in order to increase the surface area

and roughness of the foams [10].

In this work the preparation of a homogeneous and porous alumina coating on alu-

minum foams is studied. Coatings are applied by anodization and wash coating. For

the use as catalyst support in three phase reactors, the porosity and the specific sur-

face area have to be high. The coatings have to be mechanically highly stable as

well. The results from this work can be used for preparation of other support coat-

ings, such as silica, zeolites and titania in order to evaluate the use of metal foams as

structured catalyst supports for a broad range of three-phase reactions.

5.2 Experimental

5.2.1 Anodizing

Commercial aluminum foams (10 ppi, alloy AA6101, ERG Materials and Aerospace)

were cut into pieces of size 80x40x10 mm from panels. For XRD measurements,

aluminum plates of 40x40x1 mm were used. Anodizing was carried out in a glass

anodization tank containing the electrolyte. The setup is shown in Figure 5.2. The

electrolyte consisted of 0.4 M oxalic acid or a mixture of 0.5M phosphoric acid and

0.08 M oxalic acid. The aluminum foams were fixed at the anode (working electrode)

using an aluminum clamp (alloy AA6101). Prior to the anodizing, the foam pieces
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Figure 5.2: Schematic drawing of the anodization setup. Volume of oxalic acid is

700 mL, operation in constant current mode applying a current of 5 to 20 mA cm−2,

temperature between 5 and 20 ◦C.

were shaken in 1 M NaOH solution at 40 ◦C and washed three times with water in

order to remove the oxide layer on the surface and ensure good electrical contact be-

tween foam and clamp. After this pre-treatment they were immediately placed into

the anodization setup between two cathode plates (alloy AA6101). The foam pieces

have to be completely immersed into the electrolyte; otherwise the electrolyte rising

on the struts starts to boil due to insufficient heat removal. This results in corrosion

and breakage of the foam at the gas-liquid interface. Two magnetic stirrers below the

cathode plates ensured agitation during the process. The temperature was controlled

using a cooling copper coil connected to an external chiller. The electrodes were

connected to a Delta Elektronika SM 3004-D power supply. All experiments were

carried out in a constant current mode with a current density from 5 to 20 mA cm−2
foam

based on the geometrical surface area of the foam. Foams were anodized for 100 min.

No bubble formation at the anode was observed, so the oxidation of oxalic acid to

CO2 was not significant. After anodization the foam pieces were carefully washed

in water and dried at 120 ◦C overnight.

5.2.2 Wash coating

The recipe for preparation of alumina coatings on monoliths developed by Nijhuis et

al. was used [1]. The slurry alumina particles (dp=108.5 µm, Aldrich) with a specific

surface area of 190 m2g−1
alumina were mixed with 140 g of water and ball milled for 20

h in order to reduce the particle size. As binder 28 g colloidal boehmite suspension

(20 wt%, Aldrich) was added, resulting in a slurry with a pH of 8. The slurries were
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dried at 120 ◦C in order to prepare suspensions of different solid contents. Foam

pieces of similar size as used for the anodizing were immersed into the slurries for

1 minute. The excess of liquid was shaken out and blocked pores were cleaned gen-

tly by applying an air stream. During drying at room temperature for 3 h, the foam

pieces were fixed on a stirrer and rotated vertically with a speed of around 20 rpm

in order to ensure a homogeneous coating. Afterwards they were dried at 120 ◦C

overnight and finally calcined at 600 ◦C for 4 h with a heating rate of 2 K min−1 and

a cooling rate of 5 K min−1.

5.2.3 Characterization

The viscosity of the slurries was measured in a rotating cylinder Viscometer DV

II from Brookfield equipped with an ULV adapter to measure low viscosities. The

alumina particle size distribution was studied using the Coulter LS130 particle sizer

equipped with a small volume module. The particle size distribution of the colloidal

boehmite was measured with the Coulter N4 Plus particle sizer. Stability tests of the

coating were performed by immersing the foams in water, applying ultrasound for

30 min and measuring the weight loss. The ultrasound bath Haver USC 200-78 from

Haver & Broecker with a power of 200 W was used. Electron microscopy was per-

formed using a Philips XL 30 ESEM-FEG scanning electron microscope. The thick-

ness of the oxide layers was measured by investigating the cross sections of broken

struts using scanning electron microscopy. Specific surface area and pore size dis-

tribution were measured by nitrogen adsorption with the Micromeritics ASAP 2020.

Mercury porosimetry was performed using a AutoPore IV from Micromeritics. X-

ray diffraction data were obtained using a Rigaku Geigerflex Max/B diffractometer

(40 kV, 40 mA) with Cu-Kα radiation.

5.3 Results and discussion

5.3.1 Anodizing

The growth of the oxide layer could be followed by the typical shape of the volt-

age curve, shown in Figure 5.3A. In the first minutes the voltage increases rapidly

due to the formation of the barrier layer. Then the pores are formed leading to a

decrease of the voltage until formation and dissolution of alumina are in equilibrium

[10, 21]. Increase of the alumina layer thickness results in a slow increase of the

voltage. A cross sectional view of a anodization coating is shown in Figure 5.3B.
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Figure 5.3: A-Voltage curve during anodization of an aluminum foam piece apply-

ing a current of 5 mA cm−2 at 20 ◦C; B-Cross section of the dense anodization layer

grown on the aluminum foam strut for 100 min applying a current of 5 mA cm−2 at

5 ◦C.

From these images the oxide layer thickness, given in Table 5.2, was measured. The

resulting oxide layers produced by applying different conditions are shown in Figure

5.4. For comparison the clean strut surface is shown in Figure 5.4A. The surface

is rough but nonporous. BET measurement showed a specific surface area of less

than 0.2 m2g−1
foam. A good estimation is therefore the geometrical surface area of 800

m2m−3
foam for a 10 ppi foam. Electron microscopy revealed that the surface is com-

pletely covered with circular scratches with sizes of 1-10 µm in diameter, which are

formed in the solidification step of the manufacturing process.

Aluminum surfaces exposed to air are covered by an oxide layer of a few nanometers,

which is not sufficiently large enough to be used as catalyst support [18]. Anodiza-

tion for 100 minutes at 5 ◦C applying a current of 5 mA cm−2
foam strongly reduces the

dissolution of alumina and leads therefore to a very dense oxide layer (Figures 5.3B,

5.4B). Few cracks are formed due to the expansion of the oxide layer. These cracks

do not lead to instabilization of the oxide layer. Application of ultrasonic vibration

did not result in a significant mass loss (Table 5.2). The low alumina dissolution rate

leads to the formation of straight and parallel pores, shown in Figure 5.4B. From

electron microscopy a pore density of 109 −1010 pores per cm2
foam was found, simi-

lar to data of Wernick et al. [18]. The straight pores have a diameter of 10 to 20 nm

and a length of a few micrometers. The catalyst has, therefore, to be deposited on

the outer shell of the oxide layer, in order to avoid diffusion limitations.

At higher temperature the dissolution of alumina increases. This is further enhanced
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Figure 5.4: SEM pictures of 10 ppi aluminum foam surface: A-clean foam; B-

anodized for 100 min @ 5 ◦C, 5 mA cm−2 using oxalic acid; C-anodized for 100

min @ 20 ◦C, 20 mA cm−2 using oxalic acid; D-anodized for 100 min @ 20 ◦C, 20

mA cm−2 using phosphoric acid.

by an additional increase of the anodization current due to the low thermal conduc-

tivity of the oxide layer. Anodization at 20 ◦C applying 20 mAcm−2
foam results in a

highly porous, skeletal network structure with pore diameters of around 50 nm (Fig-

ure 5.4C). Increase of the electrolyte strength results in stronger dissolution of the

alumina layer and, therefore, an increase of the pore size to around 100 nm (Figure

5.4D). However, the specific surface area is strongly decreased. Table 5.2 summa-

rizes the coatings characteristics. The coating thickness was measured using electron

microscopy, as shown in Figure 5.3B. The C-values from the BET-measurements are

all close to the low limit of the accepted range of 2-500. The gas adsorption is low,

so it can be concluded, that all coatings have a very low specific surface area. They

can only be used as catalyst supports for very fast reactions, which do not require a

high dispersion of the catalyst. A high current and high temperature should therefore

be used in order to produce a highly porous oxide layer. The coating can also be used

as sub layer for wash coat deposition in order to increase the mechanical stability. In

that case a low current should be applied in order to reduce the dissolution of alumina

to produce a stable and dense coating. We found that foam sheet thicknesses below
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Table 5.2: Characteristics of anodizing layers on 10 ppi aluminum foam.

tanod c(COOH)2
; J Tbath dcoating SSA dpore wloss

cH3PO4

[min] [molL−1] [mAcm−2
foam] [◦C] [µm] [m2g−1

foam] [µm] [wt%]

0 - - - 0.003 [18] <0.2 (C: 14.18) - 0

100 0.40; 0.0 5 5 5-10 2.5 (C: 4.37) 30 0

100 0.40; 0.0 20 20 10-15 1.0 (C: 27.62) 50 0

100 0.08; 0.5 20 20 10-15 0.3 (C: 3.30) 120 0

20 mm did result in homogeneous anodization over the entire sheet thickness. Due

to the distribution of the electrical field a loss of homogenity is expected for larger

thicknesses. This was, however, not evaluated. If this is problematic, foam sheets

have to be stacked to thicker blocks.

5.3.2 Ball milling

A bimodal particle size distribution consisting of large porous particles and colloidal

particles is used for the alumina wash coat. The large particles provide the high spe-

cific surface area. They have to be small enough to form a homogeneous coating on

the foam surface. They should also be large enough to create pores in the micrometer

range, which allows a fast diffusion of reactants through the alumina layer and make

the inner particle pore system accessible for the reaction components. The colloidal

alumina particles are used as binder.

The particle size distribution of the powders used for dip-coating is shown in Fig-

ure 5.5. The used commercial alumina particles have diameters between 53 and 175

µm. Direct application as wash coat would result in inhomogeneous coverage and

low mechanical stability due to the insufficient mechanical interactions between the

particles. Ball milling for 20 hours increases the specific surface area from 190 to

270 m2/galumina and reduces the size of the aluminum particles to 0.5-4 µm. Reduc-

tion of the pH and the use of ethanol have a strong influence on the viscosity of the

slurry, but results in a similar particle size distribution after ball milling. Agfafiotis

et al. concluded from their experiments that the particle size has to be smaller than

the pores of the support surface in order to ensure a good mechanical interaction

between foam and wash coat [17]. However, they did not use any binder. The par-

ticle size is significantly smaller than the size of the surface scratches on the foam

of approximately 5 to 10 µm (Figure 5.4). Furthermore colloidal alumina particles

with diameters between 20 and 200 nm were added as binder in order to increase the
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Figure 5.5: Particle size distribution of alumina powders and boehmite colloids used

for washcoating.

coating stability.

5.3.3 Slurry viscosity

The viscosity of wash coat slurries plays an important role for the stability of the

dispersion, and also for the layer thickness and homogeneity of the produced coat-

ing. The alumina particles in the slurry can settle, agglomerates can be formed and

broken up depending on the applied shear. Measured slurry viscosities depending on

the rotational speed of the spindle are shown in Figure 5.6A. They are comparable to

the results of Agrafiotis et al., who used a unimodal particle size distribution (d90 = 6

µm and 2 µm) [17]. Furthermore they reduced the pH to 3.7 or added stabilizers in

order to improve the stability of the dispersion. In this work, no stabilizer or pH

adjustment was applied. Slow stirring is sufficient to keep the slurry stable and avoid

settlement of particles. All suspensions show tixotropic behavior: The viscosity is

reduced with increasing stirring speed. According to Franks et al. particles form
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Figure 5.6: Viscosity depending on shear rate and pH for slurries with solid amounts

from 20 to 40 wt%. Conditions A: Spindle LV1, pH 8; Conditions B: Spindle ULA,

spindle speed = 1 rpm, shear rate 1.22. s−1.

agglomerates at lower stirring rate, especially at pH values around the isoelectric

point, where the repulsion of particles is strongly reduced [22]. These clusters are

broken into individual particles, when the shear rate is increased. The particle size

distribution also plays an important role for this phenomenon. An effective packing

can be achieved in dispersions with bimodal particle size, as used in this work. This

leads to stable dispersions with low viscosity up to high particle concentrations [22].

However, slurries with solid contents higher than 40 wt% are too viscous to be used

for wash coating. The slurry forms a gel and a high momentum air stream has to be

used to clear the pores from excess liquid. The high viscosity can be reduced by low-

ering the pH or by adding surfactants. Figure 5.6B shows the highest viscosity at pH

8-9, the isoelectric point of alumina. A change of the pH leads to strong reduction of

the viscosity due to increased surface charge and therefore repulsion of the particles.

However, if the pH is too low, gelation occurs. At a pH higher than 12 alumina is

dissolved [22].

5.3.4 XRD

The powder diffractograms reveal that the slurry consists of a mixture of boehmite,

gibbsite and γ-alumina (Figure 5.7). Measurements of colloidal and micro particles

separately showed that the colloids consist of pure boehmite [23]. The alumina par-
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Figure 5.7: Diffraction data of the powder used for slurry preparation before calcina-

tion (A) showing a boehmite phase(I) and after calcination (B) showing γ- alumina(I)

as main phase and traces of gibbsite(I).

ticles milled to the micrometer size consist of γ-alumina as major phase and around

25 wt% gibbsite [16, 24]. During the calcinations, boehmite and gibbsite dissociate

at around 350-400 ◦C to form amorphous alumina, which crystallizes to γ-alumina

at 550 ◦C [24, 25]. Therefore the chosen calcination temperature of 600 ◦C leads

to complete formation of γ-alumina (Figure 5.7B). A higher temperature would lead

to further sintering of the formed particles resulting in an increased adhesion of the

coating, but also to a reduced specific surface area and the formation of δ -alumina at

around 750 ◦C. Furthermore the aluminum foam would melt at around 660 ◦C.

5.3.5 Wash coating

An example of a wash coated aluminum strut is shown in Figure 5.8. The coating is

applied homogeneously and no pores are blocked when the excess slurry is removed

carefully. This allows a low pressure drop and continuous refreshment of the entire

foam surface. In comparison to Giani et al. [8], who applied an alumina layer using

a sol-gel method, no micro cracks are visible. Slow drying at room temperature and
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Figure 5.8: SEM pictures of 10 ppi aluminum foam strut dip-coated three times

with 30 wt% Al2O3 slurry. A-homogeneous coating of strut; B-wash coat layer on

the strut surface was partly removed.

120 ◦C removes the water in the pores while preventing the formation of cracks. The

use of particles in micrometer size range results in a porous coating, as shown in

Figure 5.9. The wash coat loading on a clean 10 ppi aluminum foam after calcina-

Figure 5.9: SEM picture of alumina coating layer produced by coating with 30 wt%

Al2O3 slurry.

tion is shown in Figure 5.10. The theoretical layer thickness was calculated based

on the deposited mass of alumina. A homogeneous coating was assumed, which was
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confirmed by electron microscopy (Figure 5.8A).
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Figure 5.10: Dependence of coating thickness on slurry composition and number of

impregnation steps.

The values in Figure 5.10 are in good agreement with the data for dip-coating of hon-

eycombs [16, 17]. As shown in Figure 5.1, a reasonable coating thickness is 10 to 20

µm. For 10 ppi foams, using the geometrical surface area of the foams and a poros-

ity of 0.5, this corresponds to an alumina loading of 10 to 20 wt%. To achieve this,

more than three impregnations would be needed using a 20 wt% alumina slurry (Fig-

ure 5.10). A higher particle content in the slurry increases the viscosity and therefore

reduces the number of coating steps. Three impregnations using a slurry of 30 wt%

result in a theoretical coating thickness of 18 µm. This was confirmed by electron

microscopy. Figure 5.8B shows a wash coat layer of around 20 µm. However, if

the alumina slurry viscosity is too high, the coating is not applied homogeneously

and pores can be blocked. Drying of a thick alumina coating can also result in the

formation of cracks. This leads to a low mechanical stability, as shown for the 40

wt% slurry in Figure 5.11. Slurries with an alumina content of 20 and 30 wt% show

a mass loss of less than 10 wt%. This is similar to the results of Giani et al., who

deposited alumina on metal foams using a sol-gel method [8] and reported a mass

loss of 6 wt%. Furthermore it was found that the size of the alumina particles has
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Figure 5.11: Mass loss of alumina dip coated on clean 10 ppi aluminum foams

depending on slurry concentration and number of dip coating steps.

to be significantly smaller than the coating thickness in order to produce homoge-

neous coatings. Insufficient ball milling or mixing of the slurry results in a mass loss

higher than 30 wt%. The colloidal boehmite particles also strongly contribute to the

stability. They settle in the interconnections between the alumina particles and the

struts during the drying process due to the surface tension of water. The air stream

to remove excess slurry and to clean the blocked pores should therefore be applied

gently. Drying at room temperature and at 120 ◦C removes traces of water and leads

to a good coating stability. Also the low heating rate during calcination (2 K/min)

reduces the cracks in the coating.

In the calcination step, a phase transition to γ-alumina occurs and the small particles

sinter to form bridges between the larger particles. However, due to sintering at 600
◦C, the specific surface area of the coating is reduced from 270 to 110 m2g−1

coating.

Repeated wash coating does not increase the mass loss for 20-30 wt% slurries. If

cracks are formed after the first coating step, they are closed by the subsequent wash

coating. The mass loss occurred especially on the surfaces which were produced by

cutting the foam pieces. They show less roughness compared to the strut surfaces
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shown in Figure 5.4A. Also, when these foam pieces are wash coated directly after

cutting, the natural oxide layer is not formed completely. Based on this observation

an alumina sub layer was grown by anodization in order to increase the stability of

the wash coat.

5.3.6 Anodizing and wash coating

The final coating consisting of dense anodization layer and porous wash coat is

shown in Figure 5.12. Anodization was carried out at 5 ◦C and using a low current of

Figure 5.12: SEM picture of oxidized and wash coated aluminum foam; oxidation

for 100 min at @ 5 ◦C, 5 mA cm−2; single wash coating using 30 wt% Al2O3 slurry.

5 mA cm−2
foam in order to reduce the dissolution of aluminum. The anodization layer

has a thickness of 5 to 10 µm. This can be strongly reduced, due to the fact that

this layer does not significantly contribute to the increase of the surface area. For

the wash coating step, slurries of 30 wt% and 40 wt% with a pH of 8 were chosen

in order to achieve a coating between 5 and 20 wt% of coating on the foam using

only one wash coating step. The results of the characterization are shown in Table

5.3. The achieved mass amount of the alumina coating is similar to the wash coat-

ing of untreated foams (Figure 5.10). However, the mass loss could be decreased to

less than 2 wt% leading to a specific surface area up to 24 m2g−1
foam. This is also in

good agreement with the expected value, based on the mass amount and the specific

124



5.3. RESULTS AND DISCUSSION

Table 5.3: Properties of anodized and wash coated 10 ppi aluminum foams; an-

odization @ 5 ◦C applying a current of 5 mA cm−2
foam for 100 min; wash coating

using an aqueous slurry of alumina with loading wAl2O3
.

wAl2O3
wcoating wloss dcoating SSA εcoating dpore

[wt%] [wt%] [wt%] [µm] [m2g−1
foam] [m3

porem−3
wash coat] [nm]

30 7.4 0.4 9 10 (C: 50.53) 0.52 bimodal

600 & 15

40 19.6 1.75 27 24 (C: 98.21) 0.54 bimodal

600 & 20

surface area of the pure alumina coating after calcinations (110 m2g−1
coating). Figure

5.13 shows the bimodal pore size distribution of the foam coating. The pores in mi-
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Figure 5.13: Pore size distribution for anodized and wash coated foams obtained by

mercury-porosimetry. Anodizing at 5 ◦C using 5 mA cm−2 for 100 min.

crometer size range are the voids between the wash coat particles providing a high

accessibility of the entire alumina surface. The small pores with a size of around 15

nm are the intraparticle pores providing the high specific surface area for the disper-
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sion of catalytically active material, such as noble metals.

5.4 Conclusions

For the use of low surface area catalyst carriers, anodized foams can act directly

as catalyst support. The oxide layers are highly stable and homogeneous. Their

thickness and the pore diameter can be tuned by the anodization conditions. Stable

coatings with a high specific surface area can be produced by a combination of an-

odization and wash coating. First an alumina layer is grown on the aluminum struts.

Then the foam is wash coated using a alumina slurry having a bimodal particle size

distribution. The wash coat thickness can be adjusted by the alumina amount of

the slurry and the number of wash coating steps. The foams are dried slowly and

calcined using a low heating rate in order to remove traces of water and reduce the

formation of cracks in the coating. This produces stable alumina wash coats with a

high specific surface area. This recipe can also be used for the production of other

coatings, such as silica, titania or zeolites.
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6
Glucose Oxidation in Slurry Reactors and

Rotating Foam Reactors*

Glucose oxidation using platinum promoted by bismuth was studied as a three-phase

model reaction. Using catalyst nanoparticles and measuring the oxygen concentra-

tion in the bulk liquid, the kinetic parameters and mass transfer characteristics were

determined at a temperature of 333 K. The overall reaction rate was studied experi-

mentally using three different support types: slurry catalysts, pellets and a solid foam

stirrer. The glucose conversion rate and the deactivation rate of the catalyst depend

strongly on the ratio between mass transfer and reaction rate. At low catalyst con-

centrations the glucose oxidation process is liquid-solid mass transfer limited. The

block stirrer shows a superior performance over the slurry catalysts, due to the high

liquid-solid volumetric mass transfer coefficient. The bimodal pore size distribution

of the catalyst layer further increases the conversion rate.

Using slurry catalysts, a loading of 1 wt% in combination with pure oxygen feed

is required to achieve acceptable conversion rates. Under these conditions the gas-

liquid mass transfer and partially the liquid-solid mass transfer are the rate limiting

steps. The foam block stirrer shows good gas-liquid mass transfer rates and high

liquid-solid mass transfer rates, which still increase at high power input. Working

under external mass transfer control and using this stirrer type, the catalyst loading

can be strongly reduced to loadings less than 0.4 wt%, while the conversion rate re-

mains comparable to slurry particles with loadings of 1 wt%. As the catalyst is fixed,

attrition and agglomeration in high viscosity liquids are excluded. There is further

no need for filtration and the catalyst can simply be re-used.

*Published as: Tschentscher, R.; Njhuis, T. A.; van der Schaaf, J.; Schouten, J.

C. Glucose oxidation in slurry reactors and rotating foam reactors. Ind. Eng. Chem.

Res. 2012, 51, 1620.
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CHAPTER 6. GLUCOSE OXIDATION

6.1 Introduction

Gluconic acid is an important intermediate used for the production of nutritions and

pharmaceuticals and finds applications as biodegradable chelating agent [1, 2]. It

is commonly produced by enzymatic oxidation. The chemical route to oxidize car-

bohydrates using noble metal catalysts is, however, an attractive alternative. It is

comparably cheap, environmentally friendly using water as solvent, and requires

moderate conditions. At temperatures below 363 K using air a high yield and a high

selectivity could be achieved [3]. One advantage using enzymes is their insensitivity

to SO2 and other sulfur derivates, while noble metals are easily poisoned by sulfur

[4]. Another argument against the use of noble metals for glucose oxidation is the

high catalyst to reactant ratio. In this work, we will, however, show that the process

conditions can have a strong influence on the reactor performance. By optimizing

the gas feed, the mass transfer and the structure of the catalyst support the overall

reaction rate can be strongly enhanced and make the usage of noble metal catalysts

advantageous.

6.2 Glucose oxidation on heterogeneous catalysts

6.2.1 Glucose oxidation on platinum group metals

The glucose oxidation has extensively been studied using platinum group metals and

even gold catalysts. Platinum and palladium show turnover frequencies comparable

to enzymes [4]. The selectivity to gluconate is higher than 98 % [5]. Only traces

of glycolaldehyde and glyceraldehyde have been found. The formation of fructose

at temperatures below 343 K is negligible. Furthermore, promoters can be used,

such as Bismuth or Ruthenium. They are inactive if used alone, but deposited on the

metal surface they enhance the reaction rate and can even shift the product distribu-

tion remarkably [6–8]. Reaction rates 20 times higher than using pure Pd have been

reported [5, 9]. In oxidizing conditions bismuth forms Bi-gluconate and Bi-glucose

complexes [10]. Besson and Gallezot have extensively studied this catalyst system

[11]. They postulate that the Bi-glucose complex allows a better orientation of the

substrate to the noble metal surface and thereby facilitates the glucose dehydration.

Additionally, the formation of a bismuth-gluconate complex can favor the desorption

of gluconate and thereby increase the reaction rate.

There are, however, several mechanisms of deactivation occurring, such as over oxi-

dation and chemical poisoning, catalyst leaching and sintering. Chemical poisoning

can occur under reducing conditions due to the formation of organic residues on the

active sites at low catalyst potential [3, 12]. This is especially important at the start
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of a batch process, when the glucose concentration is high. Increasing the oxygen

concentration or the mass transfer leads to an increase of the catalyst potential and

an oxidative removal of these species [12, 16]. Nevertheless, at moderate pH-values

between 6 and 9 no formation of high molecular weight byproducts was observed

[10]. With increasing pH the oxidation rate increases and the reaction products des-

orb faster from catalyst. At pH values above 10 byproducts can be formed, coking

can occur and catalyst leaching can inhibit the reaction [10].

Even at pH values lower than 9 and ambient temperature catalyst leaching can be an

issue, as the product gluconic acid is a chelating agent [6]. Investigating the catalytic

properties of Bi/Pd-catalysts, Karski et al. found no leaching of Pd [9]. There-

fore sintering of particles and Ostwald ripening due to redeposition can be excluded.

However, leaching of the promoter Bi due to its affinity to oxygen is a problem.

Losses of up to 80 % have been reported [8, 9]. Other promoters, such as Ruthe-

nium do not leach that strongly, losses of less than 1 wt% per run have been found

[7]. Washing out of bismuth can be avoided by applying reducing conditions at the

end of the batch process or the reactor outlet, as shown by Hanika et al. [13–15].

Re-using the catalyst in this way, a constant activity over 6 runs has been reported by

Besson et al. [5].

The major process for catalyst deactivation is, however, the over oxidation of the

noble metal [13, 16]. It depends on the relative affinity of the metal to oxygen and

to the organic molecule [3]. A redox equilibrium with the surface metal, oxygen

as oxidant and glucose as reductor results in a competitive adsorption. As the glu-

cose concentration decreases, the oxygen coverage becomes overwhelming. Small

particles deactivate faster than large ones due to the higher surface density of low

coordinated sites, such as surface steps and edges [3]. The catalyst potential can be

kept low by using a low oxygen feed concentration or working under oxygen mass

transfer limitation [12]. Another way would be to expose the catalyst to oxidizing

and reducing conditions alternatively by switching between air and nitrogen as feed

gas or by using a chemical looping reactor having an oxidation and a reduction zone

[13–16]. A batch process could be easily controlled measuring the catalyst potential,

in case of platinum using a Pt-wire as electrode [12]. A high metal redox potential

of the metal results in less over oxidation. Platinum is, therefore, more stable against

over oxidation than palladium. The addition of bismuth as promoter has three ef-

fects on the catalyst over oxidation. First, as already discussed, the reaction rate is

increased due to the orientation of glucose on the noble metal surface. This reduces

the concentration of oxygen at the catalyst surface and the rate of over oxidation [3].

Secondly, bismuth and the product gluconate form a complex. This enhances the

product desorption and further increases the reaction rate [10]. The main effect is,

however, the oxygen transfer effect. Bismuth is less noble than platinum. The higher

affinity to oxygen results in a fast oxidation of bismuth. The activated oxygen is then
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transferred to the platinum sites to react with the adsorbed glucose [5, 11]. With time

bismuth is dissolving from the catalyst surface. By exposing the reaction mixture to

reducing conditions not only the noble metal particles are reactivated, but also bis-

muth is reduced and redeposits onto the platinum surface.

Various works have investigated the use of gold catalysts for carbohydrate Oxidations

[1, 17, 19–21]. The reaction rate depends strongly on the size of the gold nanopar-

ticles [5, 18]. Comparable reaction rates are only found under high pH conditions

resulting in low selectivities of less than 85 %. Therefore, in this work a Bi/Pt system

was chosen as glucose oxidation catalyst.

6.2.2 Kinetic model

In the literature various kinetic models for alcohol and sugar oxidation have been

proposed [13, 14, 17]. In this work the kinetic mechanism for glucose oxidation

developed by Gogova and Hanika was used [13]. The elementary steps are shown

in Table 6.1. It is assumed that oxygen and glucose adsorb at different surface

sites and there is no one-to-one competition between oxygen and glucose [14, 33].

The use of two site balances is reasonable due to the large difference in molecular

size. Furthermore, in this work we add bismuth as promoter, which is less noble

than platinum and has a higher affinity to oxygen. Indeed various models assume

that first bismuth is oxidized and then acts as oxygen transfer agent [5]. Glucose

is physisorbed on the platinum particle surface and the aldehyde group is hydrated

by the surrounding water forming a geminal group. The geminal is in equilibrium

with glucose, when water is used as solvent. The geminal is also more reactive under

oxidizing conditions than the aldehyde, so oxidation to the acid via the hydrated

form is widely assumed [12]. The geminal reacts with activated oxygen bound to

bismuth to form gluconate in step 4. Kluytmans et al. propose for this oxidation step

to include a hydride transfer from the organic molecule to the metallic site [14]. For

this to occur a free site is needed. This is included in step 4, the surface reaction.

The gluconate molecule is desorbed in step 5. This results in a rate equation for the

glucose and oxygen conversion including the deactivation of active sites:

r4 =
kcGlu,LK2

√
cO2,L

1+KGlucGlu,L +KGlacGla,L
·
(

1−θox

1+K2
√

cO2,L

)2

(6.1)

The addition of bismuth strongly increases the glucose oxidation rate and reduces

the over oxidation of platinum. Over oxidation is, however, still an issue. It has,

therefore, to be included, as has been done in the model of Hanika et al. by inserting

two terms for deactivation and activation of the active sites [13]. These are shown as

steps 6 and 7 of Table 6.1. The deactivation due to the over oxidation is given in the
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Table 6.1: Elementary reaction steps during glucose oxidation [13, 16].

Nr. Elementary step Rate or equilibrium equation

Adsorption

1 R-OH + *p ↔ R-OHad K1 =
θgluc

cglucθp∗

2 1/2O2 + *ch ↔ Och K2 =
θO√

cO2
θch∗

Surface reaction

3 R-OHad + H2O ↔ R-(OH)2,ad K3 =
θgem

θgluccH2O

4 R-(OH)2,ad + Och + *ch → R-(OH)Oad + H2O + 2*ch r4 = k4θgemθOθch∗

5 R-(OH)Oad + OH− ↔ ROO− + H2O + *p K1 =
θglacθp∗

θglaccOH−

Over oxidation

6 Och + *x → *ox + *ch r6 = k6θOθx∗
Reactivation

7 *ox + *ch → Och + *x r7 = k7θoxθch∗
8 *ox + R-(OH)2,ad + *ch → R-(OH)Oad + H2O + 2*ch r8 = k8θgemθoxθch∗
Balance for catalytic sites

I Physisorption θp ∗+θgluc +θgem +θglac = 1

II Chemisorption θch ∗+θO +θox = 1

III Inactive sites θx ∗+θox = 1
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following equation

r6 =
k6K2

√
cO2,L(1−θ ox)

2

1+K2
√

cO2,L
(6.2)

The reactivation occurs in the same way

r7 =
k7θox(1−θox)

1+K2
√

cO2,L
(6.3)

The catalyst can, however, not only be reduced by the release of oxygen, but also

by a reaction between glucose and the lattice oxygen. Gangwal et al. and further

Gogova and Hanika assumed a switch in the mechanism under reducing conditions

[13, 16]. If oxygen is completely removed from the surface, the oxidized sites take

over the role of chemisorbed oxygen and react with glucose using a simple second

order rate equation. In this model we do not switch between mechanisms but include

the reaction of glucose with the inactive sites regardless of the oxygen concentration,

shown as step 8 in Table 6.1. As a result the following rate equation is found, which

is similar to equation (6.1):

r8 =
kredcGlu,Lθox

1+KGlu,LcGlu,L +KGla,LcGla,L
· 1−θox

1+K2
√

cO2,L
(6.4)

Based on these expressions reaction rate equations can be set up for the liquid con-

centrations of glucose and oxygen using the product of specific reaction rate and

catalyst loading. The concentration of deactivated sites is normalized by the total

number of oxygen adsorption sites.

dcGlu,L

dt
= rGlu,Lccat =−rGla,Lccat = (−r4 − r8) · ccat (6.5)

dθox

dt
= rθox

ccat

cox,tot
= (r6 − r7 − r8) ·

ccat

cox,tot
(6.6)

dcO2,L

dt
= rO2,Lccat + kGLaGL · (cO2,sat − cO2,L) (6.7)

=
−r4− r6 + r7

2
· ccat + kGLaGL · (cO2,sat − cO2,L) (6.8)

The initial conditions are:

cGlu,L = cGlu,L,0 cGla,L = 0 cO2,L = 0 θox = 0 (6.9)

After estimation of the kinetic parameters the model was used to study the reactor

performance under different oxygen concentrations and catalyst systems.
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6.2.3 Mass transfer in three-phase glucose oxidation

Glucose oxidation performed above 323 K over platinum catalysts shows high intrin-

sic reaction rates. The overall reaction rate is, therefore, also dependent on the mass

transfer between the phases. However, at high mass transfer rates over oxidation of

the catalyst is favored. This strongly depends on the interplay between mass transfer

providing oxygen to the catalyst surface and the surface reaction removing oxygen

from it. The gas-liquid mass transfer rate depends on parameters, such as the gas

holdup, the bubble size distribution and the renewal rate at the gas-liquid interface

[22].

The liquid-solid mass transfer rate of dissolved reactants increases with the liquid-

solid interfacial area, for instance by increasing the catalyst loading or using smaller

particles [22]. Additionally, the flux to the catalyst surface can be increased by high

relative velocities between liquid and solid. In case of glucose oxidation the oxygen

molecules have a higher diffusivity and move faster through the film than the larger

glucose molecules. However, compared to the glucose concentration, the oxygen

concentration is usually kept low in order to minimize over oxidation. Therefore, the

oxygen transfer is the rate limiting process.

When the external mass transfer rates are sufficient, the pore size distribution, the

loading and dispersion of catalytically active material and further the thickness of

the catalyst layer can have a strong effect on the overall reaction rate and on the

spectrum of products formed. To summarize, there are several possibilities to influ-

ence the reaction rate and the selectivity not only by the catalyst and temperature

used, but also by the process conditions applied. In case of glucose oxidation at

atmospheric pressure the oxygen transport is the limiting process. The oxygen con-

centration should be high enough in order to facilitate the reaction at an acceptable

rates. On the other hand it should be low to minimize over oxidation.

6.2.4 Reactor types for glucose oxidation

Slurry reactors

In the fine chemical industry commonly slurry catalyst batch reactors are used. In

oxidation processes they allow a simple alternation between oxidizing and reducing

conditions by switching the gas feed between oxygen and nitrogen. Bismuth leached

under oxidizing conditions is redeposited during the reduction step [13, 16]. An al-

ternative for continuous production is a looping reactor, as proposed by Kluytmans et

al. and by Gogova and Hanika [14, 15]. In agitated slurry reactors the power applied

by the stirrer is, generally, just sufficient to disperse the fine catalyst particles in the

liquid. Operation at this critical impeller speed results in poor mass transfer rates.

The gas-liquid mass transfer can be increased by sparging gas from the bottom. The
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main amount of oxygen is, however, not dissolved and the gas has to be recycled.

Furthermore, the liquid-solid mass transfer rate is low. This can be explained by

the poor mixing in the reactor and the collective movement of liquid and catalyst

particles. These are porous and their density is similar to the surrounding liquid. It

has been reported, that light particles further reduce the micro turbulence by being

trapped in the formed eddies [23]. This results in low volumetric mass transfer coef-

ficients, kLS-values of around 1·10−3 ms−1 for oxygen are common [24].

Dealing with fast kinetics, pore diffusion can further limit the reaction rate, as de-

scribed in the previous section. Preparation of egg-shell catalysts is only possible

using large catalyst supports, such as pellets. If the particle size is less than 100 µm,

the catalytic material is more or less homogeneously distributed over the pores. To

enhance the process rate, the particle size can be reduced. The particles need, how-

ever, to be large enough to be filtered. In industrial processes the minimal particle

size is 10 µm, while sizes between 50 µm and 150 µm are common [25].

Rotating Foam Reactors

Instead of dispersing the catalyst in the liquid, it can also be immobilized on a sup-

port. A continuous operation using a fixed bed catalyst is, however, difficult to realize

due to the leaching of bismuth in oxidizing conditions. In a batch process, however,

a fixed bed could be applied. The concept of rotating porous beds, working simul-

taneously as stirrer and catalyst support, has been introduced in the biotechnology

[26]. Similar stirrer designs based on highly porous materials have been developed

for chemical reactors, either vertical or horizontal axially rotating [27–31].

In this work a rotating solid foam cylinder is used. Previously it has been shown that

both the gas-liquid and the liquid-solid mass transfer are high compared to a Rush-

ton stirrer [24, 32]. A fast liquid circulation is achieved by the rotation of the foam

block. Gas bubbles are trapped in the center section close to the stirrer shaft and

in the solid foam pores. Liquid passing these bubbles is saturated. The structure is

fixed resulting in high liquid velocities on the foam strut surface. At similar energy

input, gas-liquid volumetric mass transfer coefficients of oxygen in water have been

reported, which are more than 50 % higher than using the Rushton stirrer [32]. The

liquid-solid volumetric mass transfer coefficient kLS was even five times higher [24].

In this work, the oxidation of glucose is used as a model reaction to compare the

performance of the foam block stirrer to a slurry reactor equipped with a Rushton

stirrer. The obtained kinetic parameters are further used to study the reactor system

under various process conditions.
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6.3 Experimental

6.3.1 Catalyst preparation and characterization

Slurry particles

The slurry catalyst was prepared applying an ion-exchange method [34]. Two dif-

ferent types of slurry particles were used. Aluminum oxide (Aldrich) with a particle

size between 30 and 75 µm was calcined for 4 h at 673 K in order to convert traces

of boehmite into γ-alumina. For studying the kinetics, flame-spray made alumina

nanoparticles provided by Evonik were used. They consist solely of γ-alumina with

a particle size of less than 30 nm. The slurry particle characteristics are listed in

Table 6.2.

Table 6.2: Characteristics of catalyst supports.

Alumina Specific surface Geometric Pore width Bed porosity

Support area [m2·g−1] surface area [nm] [m3
void·m

−3
bed]

Pellets 246 700 m2·m−3
bed bimodal, 0.42

< 30 nm &

200-1000 nm

Wash coat 138 500 m2·m−3
bed bimodal, 0.93

(10 ppi foam) < 30 nm &

100-2500 nm

Wash coat 138 900 m2·m−3
bed bimodal, 0.93

(20 ppi foam) < 30 nm &

100-2500 nm

Sol-gel coating 240 500 m2·m−3
bed unimodal, 0.93

(10 ppi foam) < 30 nm

Slurry particles 124 0.06 m2·g−1 unimodal, -

(30-100 µm) < 30 nm

Slurry 80 80 m2·g−1 - -

nanoparticles

In each case a mass of 20 g aluminum oxide particles was immersed into water and

8.0 ml of an 8 wt%-solution of chloroplatinic acid in water (Aldrich) was added

to achieve a loading of 1.5 wt%. The suspension was stirred gently for 2 h. The

particles were filtered, washed with water, dried and calcined at 573 K for 4 h re-

sulting in a grey-brownish powder. For reduction the particles were suspended in
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water. For every mol of platinum 5 moles of NaBH4 were added while stirring. Re-

duction could be observed by vigorous bubble formation. After complete reduction

the catalyst powder was filtered, washed with water and dried. The entire procedure

was repeated once resulting in a platinum loading of 3 wt%, which was confirmed by

ICP-AES. Specific surface area and pore size distribution were measured by nitrogen

adsorption using a Micromeritics ASAP 2020. Mercury porosimetry was performed

using a Micromeritics AutoPore IV. X-ray diffraction data were obtained using a

Rigaku Geigerflex Max/B diffractometer (40 kV, 40 mA) with Cu-Kα radiation. It

showed that all alumina catalyst supports consisted solely of γ-alumina. The particle

size was determined using a FEI Quanta 3D FEG scanning electron microscope. The

platinum particle size was measured using images obtained by transmission electron

microscopy (TEM). These were recorded with a FEI Tecnai G2 Sphera transmission

electron microscope at an acceleration voltage of 200 kV. TEM micrographs of the

platinum nanoparticles on the alumina support are shown in Figure 6.3.

Foam block stirrer

Aluminum foam sheets purchased from ERG Aerospace with a thickness of 10 mm

were cut to open cylindrical disks with an inner diameter of 50 mm and an outer

diameter of 150 mm. They had a pore size of 10 pores per linear inch (ppi) as given

by the manufacturer. From the measured strut size and the porosity, the geometric

surface area could be calculated using the correlations of Fourie and Du Plessis [35].

The values are given in Table 6.2. The sheets were first anodized in a mixture of 0.5

M H3PO4 and 0.08 M oxalic acid for 30 min. The anodization temperature was 278

K and the current density was 10 mA·cm−1. After growing a stable oxide layer on

the foam surface, the foam pieces were washed with water and either wash coated or

sol-gel coated.

For wash coating the procedure reported by Leon et al. was used [36]. For that

180 g of γ-alumina particles with a diameter of around 1 µm were added to 585

g of deionized water. To that suspension 135 g of a 20 wt% slurry of boehmite

nanoparticles was added. After reducing the pH to 5 using nitric acid the slurry

was stirred for 2 hours. At this pH the alumina particles repell each other due the

adsorption of hydronium groups and the slurry is stable for a few days. A lower

pH would result in alumina dissolution. The foams were dipped into the slurry for

5 minutes. The excess liquid was shaken out and the foams were carefully cleaned

using pressurized air, dried at room temperature and finally calcined at 873 K for 4

hours using a heating and cooling rate of 2 K per minute in order to prevent crack

formation.

For sol-gel coating, a gel of boehmite nanoparticles was prepared using the method

described by de Vos [37]. The foam plates were dipped into the sol for 5 minutes. The
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excess liquid was shaken out carefully, the foam was dried at room temperature and

finally calcined at 673 K for 4 h. Due to the low viscosity of the gel, the deposition

was repeated several times in order to achieve the desired alumina loading of 5 g

per foam block stirrer. Platinum was deposited by ion-exchange as described for the

slurry catalyst preparation.

Alumina rings

As a low cost support alumina rings (SA 6*76), provided by Saint Gorbain Nopro,

were filled into a basket that had a similar shape as the foam block. This support has a

bimodal pore size distribution and a high specific surface area (Table 6.2). The open

cylindrical pellets have a diameter of 5 mm and a length of 5 mm. XRD showed that

they consist solely of γ-alumina. Platinum was applied by ion-exchange as described

for the slurry particles.

6.3.2 Kinetic measurements using nanoparticles

In order to obtain the kinetic parameters of the glucose oxidation, listed in Table 6.3,

a reactor with a volume of 1·10−3 m3 was used. The rotational stirrer speed was

1500 rpm. The total amount of liquid was 0.6 kg. Initial glucose concentrations

between 1.5 and 10 wt% and oxygen concentrations in the feed gas between 10 and

100 vol% were applied at atmospheric pressure. A four blade Rushton stirrer was

used. For oxygen, a gas-liquid volumetric mass transfer coefficient of 0.03 s−1 was

obtained. The oxygen concentration in the liquid was measured using an Avantes

oxyprobe connected to a spectrometer from Avantes. The reactor was filled with

water and glucose, closed and heated to 333 K. When the temperature was stabilized

the oxygen sensor was calibrated using oxygen and nitrogen. Under nitrogen flow

0.02 to 0.04 g of catalyst nanoparticles were added together with an appropriate

amount of Bismuth nitrate resulting in a Pt:Bi molar ratio of 1:1. Maintaining the

nitrogen flow, the catalyst was reduced for 30 min. Glucose functioned, thereby,

as reducing agent. The gas feed was switched to O2/N2 flow and kept for a time

of around 1 h. The gas feed was switched back to pure nitrogen for a period of

around 30 min in order to regenerate the catalyst. Finally, a second period of O2/N2

flow was applied. The glucose conversion was measured using two methods. As the

reaction proceeds the pH decreased due to the formation of gluconic acid. A 5 M

NaOH solution was added as titration agent in order to keep the pH constant at a

value of 8.2. This was complemented by High Performance Liquid Chromatography

(HPLC) in order to investigate the formation of byproducts, such as glucaric acid,

glyceraldehyde or fructose. A Waters Alliance 2695 HPLC, equipped with a Biorad

Aminex 87 H column, was used. The eluent was 0.005 M H2SO4 in water [38–40].
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The column temperature was 338 K and the flow rate 0.4 mL·min−1.

The kinetic parameters in Table 6.3 were estimated using a nonlinear least-square

method built in Matlab. Starting values were obtained by spline interpolation. A

sensitivity analysis of the parameters showed that the conversion is less sensitive

to k7, kred and KGla, if the gluconate concentration is low. During the estimation

these parameters were first fixed to obtain the other four parameters k, KGlu, K2 and

k6. In the following these were fixed and the remaining parameters were estimated.

The oxygen saturation concentrations in the sugar solutions were calculated using

correlations developed by Rasmussen and Rasmussen and Rettich et al. [41, 42].

6.3.3 Measurements of reaction rates and volumetric mass trans-

fer coefficients

Slurry particles

The three phase mass transfer and reaction rate measurements were performed in a

5·10−3 m3 glass reactor with an inner diameter of 200 mm and a height of 200 mm

(Figure 3.5a). The reactor was equipped with four baffles having a width of 10 mm

and a thickness of 1.5 mm. A 6-blade Rushton stirrer with a diameter of 100 mm

and a blade size of 35x25 mm was mounted on a hollow shaft in order to allow gas

induction through the blades. The distance to the reactor bottom and the gas-liquid

interface was 35 mm. Earlier investigations using this reactor have shown that the

optimal liquid volume is 3 L [32]. In this work we used 3 kg of a glucose solution

with an initial glucose concentration of 10 wt%. The experiments were conducted in

the following way: first glucose and water were poured into the reactor and heated

to 333 K. After calibrating the oxygen sensor using O2 and N2, the slurry catalyst

particles were added together with bismuth nitrate with a Pt:Bi molar ratio of 1:1.

The catalyst was reduced for 40 min under nitrogen flow and a rotational speed of

600 rpm. After adjusting the rotational speed, the gas feed was switched to air and

the reaction rate was measured for 20 min by titration of 5 M NaOH in order to

maintain a constant pH of 8.2. Additionally samples were taken for HPLC. The gas

feed was switched to nitrogen and the rotational speed of 600 rpm was adjusted in

order to regenerate the catalyst. After 40 min the measurement was repeated for a

new rotational speed, as long as the glucose conversion was lower than 5 %. The

experiments were performed for three catalyst loadings of 2 g, 5 g and 30 g. The

torque applied by the stirrer was measured using a Viscoklick VK 600.1 torque meter

from IKA. The power input per liquid volume was calculated using equation (2.5).
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Foam Block Stirrer

The reactor setup was described in the previous section and is shown in Figure 3.5a.

The foam block was fixed on a steel frame at a distance of 10 mm to the reactor

bottom. The final distance to the gas-liquid interface was 20 mm. In an experiment,

first the reactor was filled with 2 kg of water. Bismuth nitrate was added resulting in

a Pt:Bi molar ratio of 1:1. The reactor was flushed with nitrogen and to a tempera-

ture of 333 K. When the temperature was stable, the oxygen sensor was calibrated

by flushing the reactor with air followed by nitrogen. A mass of 500 g of a 50 wt%

glucose solution was added resulting in 2.5 kg of a 10 wt% glucose solution. Ear-

lier measurements of gas-liquid and liquid-solid mass transfer have shown that the

optimal liquid volume is 2.5 L [24, 32]. The stirrer speed was set to 250 rpm for

40 minutes in order to reduce the catalyst and achieve a steady state of bubble for-

mation and coalescence. Subsequently air was fed and the reaction rate as well as

the oxygen concentration in the liquid was recorded. After 20 minutes at constant

rotational speed, the O2 flow was stopped and the stirrer was rotated at 250 rpm in

nitrogen atmosphere for 40 min in order to regenerate the catalyst. For comparison

of the different stirrer designs, the initial reaction rates were used. Until a glucose

conversion of 5 % was achieved, several rotational speeds could be measured during

one experiment and the reaction rates were recalculated for initial conditions. The

rotational speed was alternated in order to detect any over-oxidation.

6.3.4 Modeling of a batch process

In order to study the conversion and the rate limiting steps, a batch process was mod-

eled for slurry particles and foam block stirrer using the kinetic and mass transfer

parameters obtained experimentally. The liquid-solid interfacial areas were calcu-

lated from the geometric surface areas in Table 6.2. For comparison the performance

of slurry nanoparticles was modeled. In the simulations the highest gas-liquid mass

transfer coefficients obtained experimentally for the different stirrers was used (Fig-

ure 6.7). In earlier work we studied the mixing behavior for the Rushton stirrer and

the foam block stirrer using tracer injections [24]. For both stirrers the time for com-

plete mixing is less than 0.1 s. The reactor was, therefore, assumed to be an ideally

mixed batch reactor. Similar to the kinetic measurements, the oxygen saturation con-

centration in the glucose solution was calculated using the correlations developed by

Rasmussen and Rasmussen [41]. For the temperature dependence of the oxygen sol-

ubility a correlation developed by Rettich et al. was applied [42]. In all simulations

isothermal conditions were assumed. This is reasonable, as we are working in liquid

medium with a high heat capacity and the reaction enthalpy is 31.1 kJ·mol−1 [43].

In the model an initial glucose concentration of 20 wt% was assumed. Air and pure
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oxygen feeds at atmospheric pressure were assumed.

Nanoparticles

For nanoparticles pore diffusion was absent. The liquid-solid mass transfer was as-

sumed to be high and only the intrinsic reaction and the gas-liquid mass transfer were

considered. The catalyst concentration was assumed to be 1 wt%. The platinum load-

ing on the particles was assumed to be 3 wt%, similar to the experiments. The time

discretization was done using the explicit fourth order Runge-Kutta method.

Micrometer particles with mesopores

Commonly particles larger than 10 µm are applied in industrial batch processes. For

fast reactions a concentration gradient over the particle radius can be formed. The

contribution of the external surface area of the particles increases with higher pore

diffusion limitation and reduced size of the catalyst particles. In our case, even with a

particle size of 20 µm and a specific surface area of 124 m2g−1, the external surface

area contributes by less than 0.1 % to the specific surface area. Therefore only the

pore surface area was assumed to be catalytically active. For the glucose, gluconic

acid and oxygen the mass balance is:

dcp

dt
=

Deff

r2
particle

d

drparticle

r2
particledcp

drparticle
+ r · ccat,p (6.10)

with the boundary conditions:

dcp

drparticle
= 0 at rparticle = 0 (6.11)

dcp

dt
=−Deff

dcp

dr2
particle

+ kLSaLS(cL − cp)+ r · ccat at rparticle = Rparticle (6.12)

with

aLS =
Aparticleεp

Vp
(6.13)

As initial conditions the equations (6.9) were applied for the bulk liquid, the liquid-

solid interface and the catalyst pore volume. Based on the experiments for the slurry

particles, a diameter of 50 µm and further a smaller diameter of 20 µm were cho-

sen. The liquid-solid volumetric mass transfer coefficient for the slurry particles was
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estimated using a correlation, which was developed by Armenante and Kirwan [44]:

Sh = 2+
1

π





P
1
3

md
4
3

particle

ν





3
4

Sc
1
2 (6.14)

The kinematic viscosity ν was taken from the work of Moreira et al. [45]. The

diffusion coefficients at infinite dissolution were calculated using the correlation of

Wilke and Chang [46]. Using these values the diffusion coefficient at higher glucose

concentration was estimated using the correlation of Sano and Yamamoto [47]. The

effective diffusion coefficient was calculated using a value for the tortuosity factor of

τ = 3.

For the active sites only the reaction term has to be considered:

dθox,p

dt
=rθox,p

ccat,p

cox,p
(6.15)

The catalyst concentration and the amount of active sites per pore volume were calcu-

lated assuming homogeneous dispersion and based on the condition that the activity

is similar to the nanoparticles:

ccat,p = (1+wPt) ·ρAl2O3

1− εp

εp
(6.16)

cox,p =
cox,nano

ccat,nano
ccat,p (6.17)

A particle porosity εp of 0.4 m3
pore·m3

particle was used, based on mercury porosimetry

and nitrogen absorption experiments. The catalyst loading was assumed to be 1

wt%. The platinum loading on the catalyst particles was assumed to be 3 wt%. The

concentration profile in radial direction was discretized using the method of lines. A

nonuniform grid of fourth order was applied in order to improve the refinement close

to the particle surface. The discretization in time was done using the explicit fourth

order Runge-Kutta method.

Foam block stirrer with mesoporous catalyst layer

The modeling of the foam block stirrer performance was similar to the slurry par-

ticles, only equations (6.10) to (6.12) were modified for planar geometry. Wash

coatings have commonly a thickness of a few micrometers. Here a catalyst layer

thickness dcoating of 10 µm was assumed, resulting in catalyst loadings of 9.5 g (0.38

wt%) and 17 g (0.68 wt%) for the 10 and 20 ppi foam blocks, respectively.
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6.4 Results & Discussion

6.4.1 Kinetic measurements using nanoparticles

Alumina nanoparticles are commonly produced by flame spray pyrolysis. They are

nonporous. If the dispersion in the liquid is sufficient, pore diffusion limitations are

absent and the entire specific surface area is liquid-solid interfacial area at the same

time. When using nanoparticles, the liquid-solid volumetric mass transfer coefficient

kLS is high enough to neglect any liquid-solid mass transfer limitations. This is a

reasonable assumption as the particle Sherwood number approaches 2 and the kLS-

value increases with decreasing particle diameter [23, 44, 48]. An example of a

kinetic experiment is shown in Figure 6.1. It can be seen that both measurement

methods for the conversion agree very well. Only traces of fructose were found

by HPLC, showing that the selectivity to gluconate is very high, as already reported

previously [5]. A further oxidation of gluconate to glycolaldehyde or glyceraldehyde

could not be observed. This can be explained by the low conversions at the end of the

experiments. It can be concluded from Figure 6.1b that, especially in the start of the

experiment, the high reaction rate causes gas-liquid transfer limitations resulting in

low oxygen concentrations in the bulk liquid. This is reasonable as the system shows

a low gas-liquid volumetric mass transfer coefficient of 0.03 s−1.

Table 6.3 shows the estimated kinetic parameters. The equilibrium constants are

Table 6.3: Kinetic parameters obtained from experiments.

Reaction rate and Values Standard error Dimension

absorption constant

k = k4K3K1cH20 0.0357 0.0004 m3 ·kg−1
cat · s−1

k6 1.82·10−5 0.01·10−5 mol·kg−1
cat · s−1

k7 1.49·10−6 0.05·10−6 mol·kg−1
cat · s−1

kred = k8K3K1cH2O 2.13·10−7 0.04·10−7 m3 ·kg−1
cat · s−1

K2 2.31 0.01 m1.5 ·mol−0.5

KGla =
1

K5cOH−
0.306 0.012 m3 ·mol−1

K2 2.31 0.01 m1.5 ·mol−0.5

KGlu = K1 +K3K1cH20 0.0416 0.0003 m3 ·mol−1

comparable to the values obtained by Gogova et al. [13]. The oxygen adsorption

constant K2 has a large value, resulting in a strong oxygen surface coverage even at

low liquid oxygen concentrations. The glucose conversion rate is, therefore, positive

in oxygen for oxygen concentrations below 0.18 mol·m−3. The rate shows zero
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Figure 6.1: Glucose oxidation experiment and modeling results using catalyst slurry

nanoparticles. a: Glucose concentration; b: Oxygen concentration in the liquid; c:

Modeled amount of inactive sites. Catalyst 3 wt% Pt on Al2O3; Catalyst loading

0.04 g per 0.6 kg glucose solution; air feed; temperature 333 K.

or slightly negative order dependence for higher oxygen concentrations. A similar

trend has been found by Gogova et al. [13]. For oxygen concentrations above 0.18

mol·m−3 the glucose oxidation rate does not increase, but rather the rate of over

oxidation. Regarding the reactivation of the catalytic sites, the reduction by glucose

is the dominant process, while the glucose concentration is high. As an example,

at an initial glucose concentration of 10 wt%, the direct reactivation via glucose,

step 8 in Table 6.1, is five times faster than the self-reactivation of the active sites,

step 7 in Table 6.1. As the process continues, not only the oxidation of glucose
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is slowed down, but also step 8 vanishes and the reactivation rate is reduced. The

deactivation of the active sites on the other hand remains constant, unless the oxygen

concentration is reduced. Therefore in the last period of a batch process the mass

transfer rate should be reduced. This could be achieved by using a lower rotational

speed, which also reduces the power consumption.

6.4.2 Experimental catalyst performance

Micrometer slurry particles

The slurry particles have a particle size between 30 and 70 µm. This range is com-

mon in industrial applications. Figure 6.2a shows the particles as they are provided.

The platinum nanoparticles on the wash coat deposited by ion exchange are shown

Figure 6.2: Electron microscope images of 3 wt% Pt/Al2O3 slurry catalyst: a) slurry

particles with diameters between 30 and 100 µm; (b) ground particles.

in Figure 6.3a. For comparison, the catalyst supported on alumina nanoparticles is

shown in Figure 6.3b. Deposition by ion-exchange solely depends on the product of

specific surface area of the support and density of adsorption sites. The former is

only one third smaller for the nanoparticles compared to the wash coat. As both sup-

ports consist of γ-alumina, the immobilization method and the platinum loading are

identical, a similar platinum particle size distribution and, consequently, a compara-

ble catalytic activity can be expected. In Figure 6.3 platinum particles with diameters

of a few nanometers are found on both supports. Particles in sub-nanometer are not

visible using TEM. Chemisorption did not give reasonable results and the platinum

loading was too low to detect crystallites by XRD. However, these small particles are
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Figure 6.3: Electron microscope images of 3 wt% Pt/Al2O3 slurry catalyst prepared

by ion-exchange: a) Platinum on slurry particles with diameters between 30 and 100

µm deposited by ion-exchange; (b) platinum on alumina nanoparticles deposited by

ion-exchange.

prone to fast oxidation and do not significantly contribute to the glucose conversion.

Particles with diameters between 1 and 5 micrometers, as prepared by this method,

are most effective for glucose oxidation [3].

The specific surface area of the catalyst supports is high, the external surface area

is low, however, due to the particle size larger than 10 µm (Table 6.2). In order

to achieve an acceptable liquid-solid mass transfer rate, particle concentrations of 1

wt% up to 5 wt% are used industrially. In Figure 6.4 the reaction rates and the oxy-

gen concentrations depending on the impeller speed for three loadings of the original

alumina particles are shown. Two regimes can be found. At low rotational speed

below 400 rpm the reaction rate and the oxygen concentration in the liquid increase

with the impeller speed. The reaction is clearly gas-liquid mass transfer limited. At

higher rotational speeds the reaction rate for all three particle loadings becomes con-

stant. Using high loadings of 1 wt% the oxygen concentration in the liquid is still

low and the process is dominantly gas-liquid mass transfer limited over the entire

range of rotational speeds measured.

For the low loadings of 2 and 5 g the oxygen concentration approaches the saturation

concentration. The gas-liquid mass transfer rates are sufficient. The process can,

however, still be kinetically limited, liquid-solid mass transfer limited or pore diffu-

sion limited. In order to obtain the rate limiting process the catalyst particles were

ground to a size of less than 10 µm (Figure 6.2b). Compared to the larger catalyst

particles the reaction rate increases by a factor of four (Figure 6.4a). From this we
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Figure 6.4: Performance of slurry particles. a: Glucose conversion rate depending

on rotational speed; b: liquid oxygen concentration depending on rotational speed.

Catalyst 3 wt% Pt on Al2O3; liquid loading 3.0 kg; glucose concentration 10 wt%;

air feed; temperature 333 K.

can conclude that using the larger slurry particles the process is liquid-solid mass

transfer limited and/or pore diffusion limited, but certainly not kinetically limited.

The constant reaction rate is already achieved at a low rate of 350 rpm, which sug-

gests that the process is pore diffusion limited. Previous works using diluted sulfuric

acid as medium have shown that the liquid-solid mass transfer becomes constant for

rotational speeds above 600 rpm [24]. The glucose solution shows, however, foam-

ing behavior at high rotational speeds, which can result in a constant liquid-solid

volumetric mass transfer coefficient. For both processes, the liquid-solid mass trans-

fer and pore diffusion, the rate is enhanced using smaller particle sizes. The use

of smaller particles allows a larger part of the particle volume to come in contact

with oxygen and contribute to the conversion. The intra particle effectiveness factor

and, consequently, the conversion rate increase. However, also the liquid-solid mass

transfer rate is enhanced, due to two effects. The specific liquid-solid interfacial area

aLS increases, obviously, with smaller particle size. As a consequence the oxygen

concentration in the bulk liquid is reduced, which results in a lower oxygen concen-

tration at the liquid-solid interface. This is partially compensated by an increased

kLS-value. Pangarkar and coworkers discuss in their review various correlations for

the liquid-solid mass transfer in slurry systems [48]. The correlations show a de-

pendence of Sh ∼ Re0.5−0.66
particle , where Reparticle is the Reynolds number based on the

particle. If a process is liquid-solid mass transfer limited, the increased flux in com-

bination with a higher liquid-solid interfacial area can strongly increase the overall

reaction rate.

In order to determine the rate-limiting step, we modeled the batch process using
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the kinetic parameters and gas-liquid volumetric mass transfer coefficient obtained.

The results are shown in Figure 6.5. In the case of a loading of 5 g of catalyst
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Figure 6.5: Modeled results of glucose conversion using slurry particles. a: Glucose

concentration; b: amount of deactivated sites; c: oxygen concentration in the bulk

liquid and at the liquid-solid interface. Catalyst 3 wt% Pt on Al2O3; catalyst loading

5 g; liquid loading 2.5 kg; initial glucose concentration 10 wt%; air feed; temperature

333 K; kGLaGL = 0.12 s−1.

at highest rotational speed of 800 rpm, we find an initial reaction rate of 6.5·10−7

mol·m−3·s−1g−1
Pt , while an experimental value of 3.8·10−7 mol·m−3·s−1g−1

Pt was

found. This overestimation can be attributed to foaming of the glucose solution,

which was observed at high rotational speeds above 400 rpm. The oxygen concen-

trations in the bulk liquid agree well (Figure 6.4b and Figure 6.5c). From Figure 6.5c

we can conclude that the liquid-solid mass transfer is the rate limiting step. The bulk
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oxygen concentration is close to the saturation concentration, while at the catalyst

surface it is only 20 % of that value. As the model only considers non-foaming be-

havior, the liquid-solid mass transfer rate and the conversion rate are expected to be

even lower under foaming conditions.

For the high catalyst loading of 1 wt% the oxygen concentration in the bulk liquid

approaches values of 20 % of the saturation concentration, which is 0.04 mol·m−3

using air as gas feed. Investigation of the dependence of the initial oxidation rate on

the oxygen concentration in equation (6.1) shows, that the rate is positive in order

for oxygen concentrations below 0.18 mol·m−3. Using this low liquid-solid mass

transfer rate, the oxygen feed concentration should be increased in order to speed up

the glucose conversion.

Foam block stirrer

The reaction rates and oxygen concentrations for the foam block stirrer are shown

in Figure 6.6. In earlier work using water as solvent it has been found that the gas-
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Figure 6.6: Performance of foam block stirrers. a: Glucose conversion rate de-

pending on rotational speed; b: liquid oxygen concentration depending on rotational

speed. Catalyst 3 wt% Pt on Al2O3; catalyst loading 5 g; liquid loading 2.5 kg;

glucose concentration 10 wt%; air feed; temperature 333 K.

liquid mass transfer rates and especially the liquid-solid mass transfer rates are high

in comparison to slurry particles [24, 32]. As a result, the oxygen concentration at

the catalyst surface is increased and pore diffusion becomes important. Comparing

the foam block stirrer having a wash coating with the foam block having a coating

prepared by sol-gel methods, strong differences in the reaction rate are found. Due

to the similar bed porosity and pore structure of both blocks the hydrodynamics as

well as the liquid-solid interfacial area are similar. The gas-liquid mass transfer and
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the liquid-solid mass transfer are, therefore, comparable. For the sol-gel coated foam

the oxygen concentration rapidly approaches the saturation concentration due to the

low reaction rate. This can only result from the pore diffusion through the catalyst

layer, as the sol-gel-coating contains solely mesopores (Table 6.2). The wash coat

instead consists of sintered particles with diameters in micrometer range resulting in

macropores in the void between the particles and intraparticle mesopores. The large

pores allow a fast diffusion of oxygen and a good accessibility of the mesopores,

which provide the interfacial area needed to disperse the catalyst. This combination

results in reaction rates, which are three times higher than using mesopores only.

Basket containing catalyst pellets

Solid foams are still costly to be used as catalyst supports. To compare the foam

block with a low cost support, a basket having a similar shape as the foam block, was

filled with alumina pellets. The pellets have a bimodal pore size distribution, similar

to the wash coated foam. The liquid-solid interfacial area is also comparable (Table

6.2). The reaction rate in Figure 6.6 reaches, however, only 50 % of the rate obtained

for the foam block stirrer. This can be attributed to the lower bed porosity of the pellet

bed (Table 6.2). The liquid circulation and the liquid-solid volumetric mass transfer

coefficient kLS are reduced. The low liquid circulation also leads to a poor mixing

of bubbles and liquid in the center section close to the stirrer, which is the region

of bubble formation and break up [52]. Consequently, the oxygen concentration is

only slightly increased compared to the wash coated foam block, while the reaction

rate is much lower. This shows that a high bed porosity is essential for a high liquid

circulation and high mass transfer rates using these stirrer types.

6.4.3 Comparison of foam block stirrer and slurry particles

Initial reaction rate

The initial reaction rates depending on the power input are shown in Figure 6.7a.

The reaction rate for the slurry particles levels off already at low power input. As

already discussed in the previous sections, the gas-liquid mass transfer is sufficient

for all stirrers using a catalyst loading of 5 g per 2.5 kg and 3 kg of liquid for foam

block stirrer and Rushton stirrer, respectively. The liquid-solid mass transfer domi-

nates the process. Calculating the liquid-solid interfacial area from the data given in

Table 6.2, we find a value of 160 m2m−3 for the foam block stirrer, 220 m2m−3 for

the basket filled with pellets and 100 m2m−3 for the slurry particles with a loading of

5 g per 3 kg glucose solution. These values alone cannot explain the large difference

in the reaction rate between slurry particles and foam block stirrer. Studies on the

liquid-solid mass transfer have shown, that light slurry particles show low kLS-values
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Figure 6.7: Comparison of slurry particles and foam block stirrer. a: Glucose con-

version rate depending on power input; b: kGLaGL depending on power input. Ex-

perimental details given in Figure 6.4 and Figure 6.6.

[24]. Using equation (6.14) a kLS-value of 1.5·10−3 ms−1 is calculated for oxygen

using 50 µm particles. In case of using a foam block stirrer the catalyst is fixed and

liquid flows with a high velocity over the surface. In earlier works a kLS-value was

observed, which was five times higher than the one for slurry particles [24].

In order to confirm that this can explain the high reaction rates for the foam block

stirrer, we modeled the process using slurry particles with a kLS-value, which is five

times higher (Figure 6.5). We find that the oxygen concentration at the catalyst sur-

face increases by almost 200 %. With higher oxygen flux to the catalyst surface and

a similar gas-liquid volumetric mass transfer coefficient, the oxygen concentration in

the bulk liquid is reduced (Figure 6.5).

The discussed effects on the liquid-solid mass transfer contribute to a three times

higher reaction rate compared to slurry particles. The maximal value for the gas-

liquid volumetric mass transfer coefficient is with 0.15 s−1 also higher than the value

for the Rushton stirrer, which is 0.12 s−1 (Figure 6.7b).

A further contribution is found by the pore structure of the catalyst layer on the foam

block stirrer. Slurry particles show only mesopores, while the catalyst layer of the

wash coated foam block stirrer has a bimodal pore size distribution consisting of

macropores and mesopores. This allows a better accessibility of the catalyst by oxy-

gen resulting in a higher effectiveness factor.

Another effect can be attributed to the foaming behavior of the glucose solution at

higher rotational speeds. It strongly reduces the velocity of the two-phase flow. The

energy applied by the stirrer only increases the mass transfer in the vicinity of the

stirrer. Using a solid foam block stirrer, the foam formation was strongly reduced. In

chapter 4 we discussed the γ-ray tomography measurements to study the gas-holdup
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in rotating foam reactors for foaming liquids. The pore structure of the solid foam

stirrer prevents foam formation. When liquid enters the reactor center section close

to the stirrer shaft, liquid inflow velocity and turbulent mixing are strongly reduced.

This low-interaction regime results in bubble coalescence and collapse of the foam

and a faster liquid flow over the strut surface.

Using these low catalyst loadings of 0.2 wt%, the wash coated foam block stirrer

shows a superior performance due to the combination of high liquid-solid mass trans-

fer and an open pore structure consisting of meso- and macropores.

Gas-liquid mass transfer

The gas-liquid volumetric mass transfer coefficients depending on the power input

are shown in Figure 6.7b. The Rushton stirrer has a smaller diameter, which means

that the rotational speed is higher for a similar power input. The high shear rates

result in a formation of small gas bubbles and even in foaming of the liquid at higher

rotational speeds above 400 rpm. In the power range between 1000 and 2000 W·m−3

this is advantageous compared to the foam block stirrer and results in high gas-liquid

mass transfer rates (Figure 6.7b). At higher power input the liquid volume surround-

ing the Rushton stirrer shows a high gas-holdup. Additional energy is dissipated in

that region of high shear and the mixing in the remaining liquid volume is not im-

proved. As a result the gas-liquid mass transfer is not enhanced for power inputs of

2000 W·m−3 and higher.

In case of the foam block stirrer the large diameter improves the energy distribution

to the outer reactor sections. Inside the foam block the Reynolds number is low,

which also avoids the foam formation. Gas and liquid are driven outwards by the

centrifugal forces. The fluid streams split and recombine passing the foam struts.

The bubbles are exposed to strong velocity and pressure fluctuations. This results

in an almost linear increase of the gas-liquid mass transfer over the entire power

range measured (Figure 6.7b). At a power input of 3500 W·m−3
L the kGLaGL-value

is already 20 % higher than the one for the Rushton stirrer. For higher rotational

speeds a further increase of that value is expected. A similar trend is expected for the

liquid-solid mass transfer [24]. With the existing setup this could, however, not be

investigated.

6.4.4 Modeling of a three-phase process

Nonporous nano particle catalyst

The modeling results for a 1 wt% loading of nanoparticles are shown in Figure 6.8

for three different oxygen concentrations at atmospheric pressure. For all oxygen

feed concentrations the liquid oxygen concentration is close to zero in the starting
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Figure 6.8: Glucose conversion using catalyst nanoparticles and different oxygen

feed concentrations. Catalyst loading 1 wt%; catalyst 3 wt% Pt on Al2O3; initial

glucose concentration 20 wt%; temperature 333 K; kGLaGL=0.12 s−1.

phase and the glucose oxidation rate is entirely gas-liquid mass transfer limited. The

reaction rate shows a first order dependency on the oxygen concentration. With time

over oxidation proceeds. For the case of 100 vol% oxygen feed a steep drop in the

reaction rate is found already after 2000 s. Within a time frame of less than 2000 s

the catalyst completely deactivates. For the lower oxygen feed concentrations this

step is shifted to longer process times and lower glucose concentrations. The oxygen

concentration in the liquid increases and the platinum particles oxidize rapidly. The

further conversion rate depends on the ratio between reduction and oxidation rate of

the particles, which is improved for low oxygen concentrations.

Even higher liquid oxygen concentrations in the starting phase do not necessarily in-

crease the initial glucose conversion rate, as the surface reaction, step 4 in Table 6.1,

requires a free chemisorption site [13, 14]. The rate is only positive in the reaction

order for oxygen concentrations of less than 0.18 mol·m−3. Higher oxygen concen-

trations than 0.18 mol·m−3 do only result in faster over oxidation of the catalyst.

In order to achieve full conversion the catalyst has to be regenerated, preferably at

a low deactivation level. As shown in Figure 6.8 only catalysts having less than 40

% of their chemisorption sites deactivated show a reasonable reaction rate. The re-

activation depends on the glucose concentration and the amount of active sites. If

the glucose concentration is already low, as in the end of the batch process, catalyst

reduction by glucose, equation (6.4), is not significant and reactivation occurs solely

by oxygen desorption, equation (6.3). The periods needed for reactivation are then

far longer than the actual oxidation periods. Alternatively, the gas-liquid mass trans-

fer can be reduced by a lowering the stirrer speed. The liquid-solid mass transfer

would also be affected in that case. It should, however, still be sufficiently high, due
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to the small particle size. Another option is the use of a continuous system, such as

a gas-lift reactor discussed by Gogova and Hanika [15]. Nanoparticles are, however,

not of practical importance for industrial purposes. They cannot be recycled by sed-

imentation or filtration. Nevertheless, the initial reaction rates for nanoparticles can

be used as comparison in the following sections in order to estimate the contribution

of liquid-solid mass transfer and pore diffusion.

Catalyst slurry particles with mesopores

In industrial practice larger slurry catalyst particles are used. The diffusion in the

catalyst pores is, thereby, an additional contribution to the mass transfer limitations.

If the process is externally mass transfer limited, only the outer shell of the cata-

lyst particle takes part in the conversion. The normalized liquid glucose and oxygen

concentration for catalyst particles of 20 and 50 µm using oxygen at atmospheric

pressure feed are shown in Figure 6.9. Additionally, for the cases of 100 % oxygen

feed, the concentration profiles in the pellet after 5000 s are shown in Figure 6.10.

Comparing the glucose conversion rates we see that they increase with the oxygen

concentration. This is expected as long as the oxygen concentration at the catalytic

sites is lower than 0.18 mol·m−3. The reaction rate increases also with smaller par-

ticle size, due to several phenomena. The effectiveness factor increases and a larger

amount of the particle volume takes part in the conversion. Further, as already dis-

cussed, the specific liquid-solid interfacial area aLS increases with smaller particle

size, in this case of 1 wt% catalyst loading from 600 m2m−3 for 50 µm particles to

1500 m2m−3 for 20 µm particle size. The influence of the gas-liquid mass trans-

fer on the overall reaction rate increases and the initial reaction rate approaches the

initial rate for the catalyst nanoparticles (Figure 6.8a). The reduction of the oxygen

concentration at the liquid-solid interface is partially compensated by an increase of

the kLS-value. Using equation (6.14) the kLS-value increases from 1.2·10−3 ms−1 for

50 µm particles to 1.5·10−3 ms−1 for 20 µm particles.

With time the reaction rate decreases and the liquid oxygen concentration as well as

the catalyst surface concentration approach the saturation value. In contrast to the

nanoparticles, the reaction rate does, however, not drop rapidly. In that case the pore

diffusion is of advantage. As the active sites close to the particle surface deactivate,

the concentration gradient moves to the particle center and fresh catalyst comes in

contact with oxygen of low concentration. Figure 6.10 shows the concentration pro-

files inside the catalyst particle after a reaction time of 5000 s. Still 80 % of the

particle volume does not take part in the glucose conversion. This effect would be

even more pronounced using a higher platinum loading on the catalyst. The use of

smaller particles is not feasible due to the need for filtration.
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Figure 6.9: Glucose conversion using catalyst micrometer particles and foam block

stirrer applying air feed in a) and pure oxygen feed in a)-d). Catalyst loading 1 wt%;

catalyst 3 wt% Pt on Al2O3; initial glucose concentration 20 wt%; temperature 333

K; kGLaGL is 0.12 s−1 for 50 µm slurry particles and 20 ppi foam block stirrer, and

0.15 s−1 for 10 ppi foam block stirrer.

Foam block stirrer with mesopores

For the modeling of the foam block stirrer a catalyst layer thickness of 10 µm was

assumed. This results in loadings of 9.5 g and 17.0 g of catalyst per 2.5 kg of glucose
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solution for the 10 and 20 ppi solid foams, respectively. The glucose conversion us-

ing a 10 ppi foam block is shown in Figure 6.9a. The conversion rate for the 10 ppi

foam block is similar to the 50 µm particles using air feed. Applying pure oxygen

feed the rate is two third of the one obtained for 50 µm slurry particles. As already

discussed, the 10 ppi foam block shows a high kLS-value, the liquid-solid interfacial

area is with 157 m2m−3 only one quarter of the 50 µm slurry particles.

Using a foam block stirrer, the liquid-solid interfacial area cannot simply be in-

creased by using more catalyst. The solid foam pore size of the solid foam structure

can be reduced, as finer pores provide a larger geometric surface area (Table 6.2). Us-

ing a 20 ppi foam block, the aLS-value is increased to 280 m2m−3, but still less than

50 % of the 50 µm slurry particles. Additionally, finer pores increase the pressure

drop of flow through the packing and thereby reduce the liquid circulation [24, 51].

Measurements of the gas-liquid mass transfer using the system oxygen/water have

shown that the kGLaGL-value for a 20 ppi foam block is still high compared to the

Rushton stirrer [32]. The liquid-solid mass transfer coefficient kLS is reduced, but

still three times higher than the one found for slurry particles [24]. As a result, for

the 20 ppi foam block the glucose conversion rate is similar to the 50 µm particles

while using only 50 % of catalyst. The high liquid-solid mass transfer increases, on

the other hand, also the over oxidation. The slope of the glucose conversion curve

for the 20 ppi foam is slowly reduced in time (Figure 6.9a). As a result of the high

liquid-solid mass transfer, both the 10 and 20 ppi foam block show oxygen concen-

trations at the catalyst surface higher than 0.18 mol·m−3. To slow down the over

oxidation, one can use a lower oxygen feed concentration or simply reduce the ro-

tational speed. Alternatively one can use an even finer pore structure resulting in an

even higher liquid-solid interfacial area.

A structured support as alternative to slurry particles has several advantages. The

coating layer can be chosen much thinner than the radius of slurry particles. As

shown in Figure 6.10, a catalyst layer thickness of only a few micrometer is suffi-

cient for this reaction. As a result, the effectiveness factor and the conversion rate

per gram of noble metal is increased and the catalyst loading can be reduced to less

than 0.4 wt%.

When the process is not entirely external mass transfer limited, the oxygen concen-

tration at the catalyst surface differs from zero. An enhanced accessibility of the

active sites inside the catalyst pores can, consequently, improve the performance.

The wash coated catalyst layer consists both of macropores and mesopores. This

system can not be applied for slurry particles. Under shear they would break into

fine particles. The catalyst layer on solid foams has been proven to be stable under

these high shear conditions, as discussed in chapter 5.
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Figure 6.10: Oxygen concentration profiles in the catalyst particles and wash coat

layer after 5000 s using the conditions given in Figure 6.9. Oxygen feed.

6.5 Concluding Remarks

The glucose oxidation rate at elevated temperatures shows fast kinetics and is entirely

mass transfer limited. Using catalyst nanoparticles with low loadings and measur-

ing the oxygen concentration in the bulk liquid, the kinetic parameters as well as

the gas-liquid mass transfer coefficient could conveniently be obtained. The use of

nanoparticles is a simple method to prevent pore diffusion limitations and obtain re-

liable values for fast kinetics. These particles are available from various materials.

In case of carbon supports carbon nanofibers can be an alternative.

We compared the foam block stirrer to the system of Rushton stirrer and slurry par-

ticles. The foam block stirrer shows the highest mass transfer rates. The gas-liquid

mass transfer increases linearly even at high rotational speeds. Further, the liquid-

solid mass transfer coefficient is several times higher than for slurry particles. Addi-

tionally, by using a catalyst coating consisting of mesopores and macropores an en-

hancement of the reaction rate can be achieved. Various structured catalyst supports

and even low cost random supports with high bed porosities can easily be applied in

similar stirrer configurations. However, when the process is external mass transfer

limited, a high bed porosity is required to allow a fast liquid circulation and sufficient

bubble formation. This is achieved using a pore size of 20 ppi or larger. If the ex-

ternal mass transfer rates are sufficient and the catalyst loading has to be increased,

solid foams with finer pores structures have to be used. Various immobilization tech-

niques can be used to prepare thin, homogeneous and stable catalyst coatings. In
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case of glucose oxidation, only the outer catalyst shell contributes to the reaction. A

catalyst coating of 5 µm is sufficient. The catalyst life time depends solely on the

chemical stability. Attrition and catalyst wash out are minimized.

Using porous supports complete conversion can be achieved without an intermedi-

ate regeneration step. However, as the oxygen concentration profile moves to the

particle center in time, the glucose conversion rate is slowed down. For an indus-

trial glucose oxidation process, a precise control of the oxygen concentration at the

catalyst surface is required in order to achieve high conversion rates while minimiz-

ing over oxidation. This can simply be achieved by measuring the potential of a

platinum electrode. Further optimizations of the catalyst system should include the

ratio of bismuth to platinum. Additionally, long term studies of the catalyst stability

should be performed.
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7
Conclusions and Recommendations

We have studied two rotating solid foam stirrer designs, the foam blade stirrer and

the foam block stirrer. Especially the foam block stirrer shows high mass transfer

rates in combination with a coverage of the liquid volume of around 30 vol%. In the

following sections the main conclusions concerning the gas-liquid and liquid-solid

mass transfer processes are summarized. The influence of various parameters on the

individual mass transfer processes and the overall process is discussed. Finally rec-

ommendations concerning further optimizations are given. These include the reactor

design, but also the development of new materials for rotating packed bed reactors.
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7.1 Choice of stirrer design

In the initial stage of the project two foam stirrer designs were considered, the foam

blade stirrer and the foam block stirrer. Both designs show high gas-liquid mass

transfer coefficients compared to the Rushton stirrer applied as reference. One is

inclined to benefit from this high gas-liquid mass transfer rates by i) high liquid-

solid mass transfer rates and ii) a sufficiently high catalyst loading. The kLS-value

alone has found to be high for the foam block stirrer. In case of the foam blade stirrer

this value is certainly even higher. For a chemical production, however, the criteria

is the product of kLS and aLS. Initial experiments using both stirrers have shown that

the foam block stirrer is strongly favored.

Similar considerations can be made for the catalyst loading. To achieve catalyst

loadings of 1-2 wt% and still keep the coating thickness small in order to minimize

pore diffusion limitations, one has two options. The solid foam bed volume can be

increased and/or the solid foam pore size can be reduced. The latter is limited by

practical considerations, such as homogeneous catalyst coating and pressure drop of

flow through the solid foam pores. To achieve catalyst loadings of 1-2 wt% in case of

the foam blade stirrer, one would need to increase the number of blades. This would

ultimately result in a foam block stirrer design. Due to these points the main part of

the work focused on the latter stirrer design.

7.2 Gas holdup and gas-liquid mass transfer

The measurement of oxygen concentration using spectrometric sensors provides a

simple way to compare the gas-liquid mass transfer rates of different reactor designs.

Due to the design of the probe, this technique is fast and the signal is stable and

not influenced by bubbles or slurry particles. Using the foam block stirrer, kGLaGL-

values of 0.18 s−1 have been achieved, which is 50 % higher than the value measured

for a Rushton stirrer. Most importantly, for the system oxygen-water, the gas-liquid

mass transfer still increases at high power inputs. With further optimizations of the

reactor design, the kGLaGL-values are expected to be beyond 0.2 s−1.

The same applies for the foam blade stirrer, which shows, however, a lower gas-liquid

mass transfer coefficient than the foam block stirrer at high power input. Addition-

ally, using foam blades only a low liquid-solid interfacial area and a low catalyst

loading can be applied. This stirrer type is only an option for reactions, where the

catalyst loading and interfacial area can be low, but the gas-liquid mass transfer rate

needs to be high, such as in gas-liquid or liquid-liquid reactions.

The technique of γ-ray tomography and tomographic methods in general are the

methods of choice to study the gas holdup in packed three phase reactors. The mea-
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7.3. LIQUID-SOLID MASS TRANSFER

surement unit used shows a high spatial resolution of a few millimeters. Detailed

images of the gas holdup over the reactor volume could be obtained. This method

provides an excellent tool for gas-holdup study and reactor optimization. It gives,

however, only a time averaged gas holdup. The technique could, therefore, be sup-

plemented by fast methods. Conductivity or resistivity sensors could be integrated

into the foam structure to obtain information on the local gas holdup, the rate of bub-

ble flow through the solid foam pores and the bubble size.

The gas-holdup in rotating foam blocks shows strong differences in the individual

reactor sections. Center and foam block section show high gas holdups. In the outer

reactor section between foam block and reactor wall the gas holdup is rather low.

Additional tubings for gas induction but also a higher liquid circulation can transport

more bubbles to the outer section. Additional gas feed can further help to increase

the gas holdup in that outer reactor part. The liquid above the foam block shows

a high gas holdup. Especially the baffles at the reactor lid are essential for bubble

creation. The suspension flows into the center reactor part close to the stirrer shaft,

where the gas holdup is high as well. Tomographic measurements and visual obser-

vations have, however, shown that the mixing is achieved only by the liquid inflow

from top. The shape of the foam block has a large effect on the liquid inflow. If

the inner radius of the foam block is small, a large amount of liquid flows onto the

foam block resulting in high mass transfer rates only in the top part of the reactor. In

that section static baffles, having a similar design as in Robinson-Mahoney reactors,

could strongly improve the liquid inflow and increase the bubble breakup. This could

result in a uniform gas holdup over the reactor height [1]. Fine bubbles entering the

foam block bed pass the solid foam pores. With higher liquid circulation velocity

and smaller bubbles their entrapment in the solid foam pores is expected to reduce

and the gas holdup in the outer reactor section is increased.

This liquid flow through the foam block strongly depends on the solid foam pore

size. For three-phase reactions and low viscosity liquids ppi-values lower than 30

should be used. For higher viscosities the pore size has to be increased accordingly.

Otherwise the low liquid velocities and the small solid foam pores favor bubble en-

trapment. Using foaming liquids, the solid foam structure can help to collapse the

fine bubbles and improve the liquid circulation.

7.3 Liquid-solid mass transfer

To compare the liquid-solid mass transfer, the copper dissolution by permanganate

has been used. The reaction is fast, occurring on the liquid-solid interface and not

inside the pores. It is simple to measure and can be applied for fixed beds as well

as for slurry catalysts with a wide range of densities. Due to bubbles or particles
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penetration into the light transmission path, the signal has to be filtered or, alterna-

tively, modifications of the sensor design can be made to shield the sensor section

from bubbles. It is similarly simple as oxygen absorption measurements and can be

applied for fixed beds as well as for slurry particles.

The kLS-values for solid foam stirrers investigated are far higher than for slurry par-

ticles of low density. Further, similar to the kGL-values, they are increasing over the

entire range of rotational speeds measured. The foam pore size has, thereby, a partly

counterbalancing effect on kLS and aLS. Depending on the requirements for the gas-

liquid mass transfer rates, the ppi-number should not be higher than 30 ppi. Further

optimization of the reactor design can strongly reduce the pressure drop in various

reactor sections, which results in an increased liquid flow rate through the solid foam

bed. Additionally, a better uniformity of liquid flow over the foam block height has

to be achieved. The foam block inner diameter should be as small as possible to

achieve a large ratio of foam block volume to reactor volume, but avoid the forma-

tion of dry sections in the central bottom part of the foam block.

For a liquid-solid reaction process the baffles should only direct the liquid flow back

into the center section. Further, the rotating foam block could be covered with a lid.

This results in a fast radial liquid flow through the entire foam block.

7.4 Three-phase glucose oxidation

The required mass transfer rates, and, hence, the optimal reactor design, power input

and catalyst loading strongly depend on the reaction kinetics and even change with

the conversion level. In this work we used the example of glucose oxidation. This

reaction is easily controlled by the pH and the measurement of the oxygen concen-

tration in the bulk liquid. For catalysts loadings of 1 wt% or higher, the gas-liquid

and liquid-solid mass transfer processes are limiting the oxygen supply to the cata-

lyst. In the case of glucose oxidation a low oxygen concentration is advantageous, as

the catalyst deactivation rate is low, while the effect on the glucose oxidation rate is

neglegible above a certain oxygen level. Using slurry particles, a high power input is

needed to achieve this optimal mass transfer rates. Using the foam block stirrer, the

external mass transfer rates are superior. The oxygen concentration at the liquid-solid

interface is even too high, resulting in increased catalyst over oxidation. The process

could be operated at much lower power inputs or, alternatively, a higher ppi-number

could be used. This would increase the liquid-solid interfacial area, while reducing

the catalyst coating thickness at constant loading. As a result the the efficiency of the

applied catalyst and the process economics would improve.

For three-phase reactions the mechanical stability of the catalyst is of high impor-

tance. The rotation of the foam block creates strong shear forces, especially at the
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struts confining the foam block. In our experiments no catalyst removal was ob-

served. This shows that the deposition method combining anodization and wash

coating produces stable and still porous coatings.

7.5 Recommendations for further optimization

7.5.1 Reactor design

Despite the satisfying mass transfer rates compared to a slurry reactor, the reactor

design shows great potential for further optimization. This includes foam block and

reactor shape and especially the baffle design. The main amount of liquid circulates

in the top part of the reactor. Liquid flow through the bottom section of the foam

block experiences a larger overall pressure drop. Therefore, the most important issue

is to improve the liquid circulation and homogenize the radial flow rate over the

foam block height. The second point is the mixing in the center section. These

points can partly be addressed using computational fluid dynamics using pressure

drop correlations developed for solid foam materials [2]. Two-phase flow through

highly porous media is certainly still in the development phase. For the time being,

single phase flow can give hints on the optimization of the bottom reactor part and

foam block. Also the effect of additional baffles could be studied while the number

of elaborating experiments could be reduced. Table 7.1 summarizes the influence of

the parameters studied in this work on the mass transfer processes:

7.5.2 Materials

The metallic foam structures used show high mechanical stability and the coatings

applied by wash coating and sol-gel methods are stable under the hydrodynamic con-

ditions used. Catalyst loadings of 1-2 wt% can be achieved assuming catalyst coating

layers with a thickness of less than 20 µm. Nevertheless, so far only nonporous solid

foam materials can be obtained commercially. Any use as catalyst support requires

additional steps to deposit or grow a porous layer on the foam struts. Intuitively the

preparation of foam blocks directly from the porous support material would be pre-

ferred, as this avoids any issues related to the mechanical stability and uniformity of

the coating thickness. Examples developed for monoliths, such as high porosity sup-

ports applied by Lathouder et al. [3], could be manufactured in foam block shapes.

The materials can be polymer foams, which are cheap and elastic, but need to be

supported by a frame in order to keep the shape and not to collapse under the liquid

flow. Ceramic foams are already brittle and would need to be supported as well. Al-

ternatively, a porous shell layer could be produced by chemical leaching, calcination
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Table 7.1: Options for process optimization.

Objective Options Impact on other mass transfer processes

Gas-Liquid Liquid-Solid Pore diffusion

kGLaGL kLSaLS η
Higher - Increase kGL ↑ kLS ↑ -

kGLaGL rotational speed and aGL ↑
- Increase kGL ↑ kLS ↑ -

Pore size and aGL ↑ and aLS ↓
Higher - Increase kGLaGL ↑ kLS ↑ -

kLSaLS rotational speed

- Reduce kGLaGL ↓ kLS ↓ -

Pore size and aLS ↑
- Increase foam kGLaGL ↓ kLS ↓ -

block height and aLS ↑
- Use lid on top kGLaGL ⇓ kLS ↑ -

of foam block

Higher - Reduce bed kGLaGL ↓ aLS ↓ -

mechanical porosity

bed stability - Use different - - -

material

Improved - Increase kGLaGL ↑ kLS ↑ -

wetting liquid volume and aLS ↑
of bed - Reduce foam kGLaGL ↑ kLS ↑ -

block height and aLS ↓
- Increase inner kGLaGL ↑ kLS ↑ -

block diameter and aLS ↓
Reduce catalyst - Reduce foam kGLaGL ↓ kLS ↓ η ↑
thickness pore size and aLS ↑
(Constant - Reduce foam kGLaGL ↓ kLS ↓ η ↑
loading) porosity and aLS ↑

or other methods, while keeping the core part of the struts nonporous. Also random

packings with a higher bed porosity could bed used, depending on the requirements

for the mass transfer. To improve the mechanical stability of the materials, compos-

ites with metal fibers, carbon nanofibers or other blends could be applied in analogy

to the construction sector, where meshes of steal are used in combination with brittle

and stiff concrete. This offers a large field of possibilities for the materials scientist.
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7.6 Applicability of rotating foam reactors

The advantage of rotating packed bed reactors is that the catalyst bed is fixed. Sep-

aration is not needed and catalyst losses due to attrition is avoided. This system is,

therefore, suited for catalysts that need to be used for several batches or in contin-

uous mode. Requirements for the catalyst are a high chemical stability or at least a

simple reactivation procedure such as in the case of hydrogenation or oxidation re-

actions. Solid foam sheets with different catalysts can be stacked above each other,

whereas the different sections can be optimized in height and pore size. This would

allow a series of consecutive reaction steps in a one-pot system, and even simultane-

ously. Unstable intermediates can directly be converted to stable compounds. Using

rotating foam stirrers, catalyst layers can be applied, which are thinner than practical

slurry catalyst particle sizes, while keeping the liquid-solid interfacial area high. The

variety of solid foam materials and surface modification techniques available brings

further immobilization of homogeneous catalysts, such as enzymes, into mind. Fi-

nally we can recapitulate, that these reactors are especially suited for gas-liquid and

liquid-solid mass transfer limited reactions. Additionally using the foam block stirrer

an acceptable catalyst loading can be achieved, while the foam blade stirrer would

rather be suited purely as a stirrer.
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Nomenclature

Roman

a spatial overlap of a pixel with a given ray;

pixel size was defined to be 2 mm by 2 mm

aGL Specific gas-liquid interfacial area, m2
GL·m−

L 3

aLS Specific liquid-solid interfacial area, m2
LS·m−

L 3

Aparticle Geometric area of a single catalyst particle, m2

ccat,nano Concentration of catalyst nanoparticles, kg·m−3

ccat,p Mass of catalyst per catalyst pore volume, kg·m−3

c(COOH)2
Concentration of oxalic acid in anodization bath, mol·L−1

cCr(VI),bulk Concentration of Cr(VI) in the bulk liquid, mol·L−1

cCr(VI),surface Concentration of Cr(VI) at the liquid-solid interface, mol·L−1

cGla,L Gluconic acid concentration in the bulk liquid, mol·m−3

cGlu,L Glucose concentration in the bulk liquid, mol·m−3

cH3PO4
Concentration of phosphoric acid in anodization bath, mol·L−1

cLS Concentration at the liquid-solid interface, mol·m−3

cO2,L Oxygen concentration in the bulk liquid, mol·m−3

cO2,LS Oxygen concentration at the liquid-solid interface, mol·m−3

cp Concentration in the catalyst pores, mol·m−3

cox,nano Concentration of active sites using nanoparticles, mol·m−3

cox,p Concentration of active sites in the catalyst pore volume, mol·m−3

cO2,sat Saturation concentration, mol·L−1

cO2,bulk Concentration of O2 in the bulk liquid, mol·L−1

cO2,i Concentration of O2 at the G-L interface, mol·L−1

d number of detectors, -

D Diffusion coefficient, m·s−2

dcoating Alumina coating thickness, m

Deff Effective diffusion coefficient, m·s−2

dparticle Particle diameter, m

dpore Pore diameter, m

E attenuation data from measurements, -

i, j indices of the corrected image pixel, -

I350,0 Intensity for cCr(V I) = 0

I350,Cr(VI),bulk Intensity for cCr(V I) > 0

I350nm,dark Baseline intensity

I350nm,sample Measured intensity

I465nm,dark Baseline intensity

177



NOMENCLATURE

I465nm,sample Measured reflected light intensity

I600nm,dark Baseline intensity

I600nm,sample Measured flourescence light intensity

In Normalized intensity

In,N2
Normalized intensity in N2

J Current density, A·m−2

k Rate constant for glucose oxidation, m3 ·kg−1
cat · s−1

K2 Equilibrium constant for oxygen adsorption, m3 ·mol−1

k6 Rate constnt for catalyst over oxidation, mol·kg−1
cat · s−1

k7 Rate constant for catalyst reduction, mol·kg−1
cat · s−1

kLS Liquid-solid mass transfer coefficient, m·s−1

kGL Liquid-solid mass transfer coefficient, m·s−1

KGla Equilibrium constant for glucose adsorption, m3 ·mol−1

KGlu Equilibrium constant for gluconic acid adsorption, m3 ·mol−1

KSV Stern-Volmer constant

L Length of light absorption path, m

ny,nx dimensions of the attenuation data matrix, -

p number of projections

P Pressure, Pa

PL Power input, W·m−3
L

rpm Rotations per minute

PL Power input per liquid volume, W·m−3

Pm Power input per liquid mass, m2·s−3

r Specific reaction rate, mol·kg−1
cat ·s−1

R Ideal gas constant, 8.31 J/mol·K
rparticle radius, m

Rparticle Particle radius, m

Reparticle Particle based Reynolds number Reparticle =
udparticle

ν , -

Sc Schmidt number Sc = ν
D

, -

Sh Particle Sherwood number Sh =
kLSdparticle

D
, -

SSA Specific surface area, m2·g−1
foam

t Time, s

tanod Anodization time, s

(t) iteration number

T Temperature, ◦C

Tbath Temperatureof anodization bath, ◦C

u Velocity, m·s−1

VL Liquid volume, m3

Vp Catalyst pore volume, m3
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wAl2O3
Alumina loading in wash coat slurry, wt%

wcoating Mass amount of coating on total solid foam, wt%

wloss Amount of removed coating on total wash coat, wt%

x Length, m

X Thickness of catalyst layer, m

Greek

ε Extinction coefficient, L·mol−1·m−1

εG Gas holdup, m3
Gm−3

G+L

εp Porosity of catalyst particle, m−3
pore·m−3

particle

εcoating Porosity of wash coat, m−3
pore·m−3

wash coat

θox Amount of deactivated sites, -

θox,p Amount of deactivated sites in catalyst pores, -

ν Kinematic viscosity, m2·s−1

ρ Liquid Density, g · cm−3

τ Tortuosity factor, in this work τ = 3

τstirrer Applied torque, N·m
ω Rotational speed, s−1

β Permeability coefficient, m−1

µ Dynamic viscosity, Pa·s
µi, j Attenuation coefficient, -

χ Lockhart-Martinelli-parameter χ =

√

∆P
∆x L
∆P
∆x G

λ relaxation factor
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