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Summary

A key limitation in the intensification of chemical processes is the ability of the reactor
to remove the produced heat at an increased rate, or, in case of endothermic reactions,
supply the required heat. Insufficient removal or supply of heat to the reaction fluids
results in an inhomogeneous temperature distribution, which leads to a decreasing
selectivity and risks of thermal runaway. Heat removal and supply to chemical reactors
is often realised by boiling and condensing fluids, respectively. Therefore, in order
to realise thermal intensification of chemical reactors, intensification of boiling and
condensing processes is required as well. The research presented in this thesis aims
to intensify convective heat transfer for single and multiphase flows, by application of
centrifugal forces and high-shear conditions in rotor-stator spinning disc reactors.

An easily applicable engineering model for the flow of a single liquid phase in the
rotor-stator cavities of a rotor-stator spinning disc reactor is proposed (Chapter 2),
based on residence time distribution measurements. The fluid flow through a rotor-
stator cavity is described by regions of radial plug flow at low radial positions, i.e.
at the shaft, and a single ideally mixed region at high radial positions, i.e. at the
rim of the rotor. The radial position where transition between plug flow and ideally
mixed regions occurs is assumed to be a discrete radial position. This transition
radius decreases with increasing rotational velocity ω and rotor-stator axial gap s, and
increases with increasing volumetric throughflow rate φL. The resulting flow model
is explained by the throughflow and rotation dominated regions observed in rotor-
stator cavities with superposed throughflow. A comparison is made with numerical
and experimental results in literature. Results of the current work indicate that the
model can be scaled up with any number of rotor-stator cavities in series, as well as
with increasing disc radius and gap ratio.

Single phase fluid-stator heat transfer is studied (Chapter 3) in a multi-stage rotor-
stator spinning disc reactor. Fluid-stator heat transfer coefficients hs are obtained by
fitting experimentally determined outlet temperatures to a steady state heat transfer
model, which is based on the fluid flow model for a single phase in rotor-stator cavities.
For all values of φL and s, hs increases more than a factor 4 by increasing ω from 0
to 30 rad s−1. This demonstrates the potential for intensified heat transfer in a rotor-
stator spinning disc reactor. For ω > 5 rad s−1, rotation dominates the heat transfer
and no influence of φL and s on hs is observed, which is in agreement with results
in literature. For ω > 30 rad s−1, the overall thermal performance of the multi-stage
rotor-stator spinning disc reactor, in which the rotor-stator cavity is cooled using
channels embedded in the stator wall, is limited by conduction through the stator
wall and convection in the cooling channels.



x Summary

In order to use the potential of convective heat transfer intensification in rotor-stator
cavities more efficiently, a novel stator-rotor-stator spinning disc reactor (srs-SDR) is
developed (Chapter 4). The srs-SDR consists of an interior stationary disc, enclosed
by a rotating cylindrical housing, which is again enclosed by a stationary cylindrical
housing. In this way, two separate rotor-stator cavities are formed, sharing a common
rotor, which acts as heat exchanging surface. Using a similar steady state heat transfer
model, single phase fluid-rotor heat transfer coefficients hr are obtained, as function
of ω and φL. The values of hr are independent of φL and increase a factor 30 by
increasing ω from 0 to 157 rad s−1. This is a factor 2-3 higher than values achievable
in passively enhanced reactor-heat exchangers, due to the 1-2 orders of magnitude
larger specific energy input achievable in the stator-rotor-stator spinning disc reactor.
Due to the ability to increase hr independently of φL, and thus of the residence time of
the fluids in the reactor, the srs-SDR is a promising intensified heat exchanger/reactor,
for example to accommodate solvent-free highly exothermic reactions.
Condensing and boiling flows lead to high vapour volumetric throughflow rates and
high vapour/liquid volumetric flow ratios to be accommodated. To understand the
vapour-liquid flow in rotor-stator cavities for condensing and boiling conditions, the
inert gas-liquid flow in a rotor-stator spinning disc reactor, with co-feeding of gas and
liquid, is studied (Chapter 5). By using high speed imaging, two mechanisms of
bubble formation are observed: one due to gas overpressure leading to large irregular
bubbles, and one due to liquid turbulent vortices leading to small, well-defined bub-
bles. The two mechanisms lead to three distinct gas dispersion regimes, distinguished
by their characteristic oscillations in pressure drop. At low ω, in the gas spillover
regime, the gas is dispersed as large bubbles only. Above this critical ω, small bub-
bles are sheared off as well, thus forming a heterogeneous dispersion. At sufficiently
high ω, depending on the gas flow rate, the gas is homogeneously dispersed as small
bubbles. The maximum gas flow that can be dispersed as small bubbles is linearly
proportional to the local energy dissipation rate ε. The understanding of the bub-
ble formation mechanisms and pressure signature allows prediction and detection of
the prevailing hydrodynamic regime for condensing and boiling flows in rotor-stator
cavities. Results show that the rotor-stator spinning disc reactor can accommodate
efficient contacting for highly skewed gas/liquid volumetric flow ratios. This can for
example be applied to intensify gas drying processes.
Condensation of a pure vapour (dichloromethane) inside the exterior rotor-stator
cavities of the srs-SDR is studied (Chapter 6), as a function of ω, mass flow rate φm
and average temperature driving force ∆T . In the top cavities, the vapour condenses
as a thin liquid film on the rotor, while in the bottom cavities, vapour bubbles are
dispersed in a continuous subcooled condensate liquid phase. For the current range
of ω, heat transfer from the vapour bubbles to the condensate liquid is limiting the
condensation process, due to the relatively low values of gas-liquid interface aGL in the
bottom cavities. With increasing ω, the amount of vapour dispersed as small bubbles
rapidly increases, in accordance with observations of the inert gas-liquid flow. This
causes an increase in aGL in the bottom cavity, which results in increasing values of the
reactor average condensation heat transfer coefficient hc. The value of hc increases
a factor 3 by increasing ω from 20 to 115 rad s−1. Condensation in the srs-SDR
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outperforms passive condensation at high ε, due to a combination of an increased
turbulence intensity in the condensate phase and increased gas-liquid interfacial area.
Finally, boiling of a pure liquid (dichloromethane) inside the rotor-stator cavities of
the srs-SDR is studied (Chapter 7), as a function ω, ∆T and φm. The average
boiling heat transfer coefficient hb increases a factor 3 by increasing ω from 0 to 105
rad s−1, independently of ∆T and φm. The boiling performance of the srs-SDR, in
terms of hb versus ε, is similar to passive boiling in tubes, where pressure drop provides
the energy input. The srs-SDR allows operation at ε > 105 Wm−3

R , yielding values of
hb not practically obtainable in passively enhanced evaporators, due to prohibitively
high pressure drops required. Since hb is increased independently of the superficial
vapour velocity, a high degree of control of the boiling process is obtained in the
srs-SDR.
Combination of hc and hb, shows that the overall heat transfer coefficient for the
srs-SDR as a combined evaporator/condenser, is more than a factor 3 higher than
values obtained in passive evaporator/condensors for similar fluids. Moreover, due
to the lack of dependency of condensing and boiling heat transfer rates on the local
vapour velocities, as is the case in conventional passive evaporators and condensers,
a higher degree of control and flexibility is obtained. However, given the high energy
input and the relative complexity of the srs-SDR, it is clear that its application as
an evaporator/condenser is only justified when space or flexibility requirements are
stringent.





Samenvatting

Een belangrijke limitatie in de intensivering van chemische processen, is het vermo-
gen van de reactor om de met verhoogde snelheid geproduceerde warmte af te voeren,
of, in geval van endotherme reacties, de benodigde energie te leveren. Onvoldoende
snelle af- of toevoer van warmte aan de reactanten resulteert in een inhomogene reac-
tie temperatuur, hetgeen leidt tot afnemende selectiviteit en een toenemend risico op
explosieve warmteproductie. In de chemische industrie wordt de af- en toevoer van
warmte aan reactoren vaak gerealiseerd door gebruik te maken van, respectievelijk,
verdampende en condenserende vloeistoffen. Daarom moeten, om thermische inten-
sivering van chemische reactoren te bewerkstelligen, ook de verdamping en conden-
satie processen versneld worden. Het onderzoek beschreven in dit proefschrift heeft
als doel het intensiveren van convectief warmtetransport voor eenfase en meerfase
stromingen, door middel van het toepassen van centrifugaalkracht en een hoge af-
schuifkracht in rotor-stator spinning disc reactoren.
Een eenvoudig toepasbaar ontwerpmodel voor de stroming van een vloeistof in de
rotor-stator ruimtes van een rotor-stator spinning disc reactor is ontwikkeld (Hoofd-
stuk 2), gebaseerd op metingen van de verblijftijdspreiding in de reactor. De stroming
door een rotor-stator ruimte wordt beschreven door regio’s van radiële propstroom op
lage radiële posities, i.e. bij de as, en een enkele ideaal gemengde regio op hoge radiële
posities, i.e. aan de rand van de rotor. Er is aangenomen dat de overgang tussen
de propstroom en ideaal gemengde regio’s een discrete radiële positie is. De transi-
tieradius neemt af met toenemende rotatie snelheid ω and rotor-stator afstand s, en
neemt toe met toenemend volumetrisch debiet φL. Het resulterende stromingsmodel
wordt verklaard aan de hand van doorstroom- en rotatiegedomineerde regio’s, zoals
geobserveerd in de literatuur voor rotor-stator ruimtes met netto doorstroom. De
resultaten geven aan dat het ontwerpmodel kan worden opgeschaald zowel met het
aantal rotor-stator ruimtes in serie, als met de schijf radius and rotor-stator afstand.
Warmteoverdracht tussen een eenfasig flüıdum en de stator wand is onderzocht in
een multi-stage rotor-stator spinning disc reactor (Hoofdstuk 3). Flüıdum-stator
warmteoverdrachtscoefficienten hs zijn bepaald door niet-lineaire regressie van experi-
menteel bepaalde uitlaat temperaturen met een steady state warmteoverdrachtsmodel.
Dit model is gebaseerd op het ontwerpmodel voor vloeistofstroming in rotor-stator
ruimtes. Voor alle waarden van φL and s, neemt hs meer dan een factor 4 toe wan-
neer ω wordt verhoogd van 0 to 30 rad s−1. Dit demonstreert het potentieel voor
gëıntensiveerde warmteoverdracht in een rotor-stator spinning disc reactor. Voor
ω > 5 rad s−1, wordt de warmteoverdracht gedomineerd door rotatie van de rotor
en wordt hs niet bëınvloed door φL en s. Dit is in overeenkomst met observaties in de
literatuur. Voor ω > 30 rad s−1, wordt de globale warmteoverdracht in de multi-stage
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rotor-stator spinning disc reactor, waar warmte-uitwisseling is gerealiseerd door mid-
del van kanalen in de stator wand, gelimiteerd door geleiding door the stator wand
en convectief transport naar de vloeistof in de kanalen.
Om de potentiële versnelling van warmteoverdracht in rotor-stator ruimtes efficiënter
te benutten, is de stator-rotor-stator spinning disc reactor (srs-SDR) ontwikkeld
(Hoofdstuk 4). The srs-SDR bestaat uit een inwendige stationare schijf, omvat door
een roterende cylindrische behuizing, welke op zijn beurt is omvat door een stationare
cylindrische behuizing. Dit resulteert in twee gescheiden rotor-stator ruimtes met een
gedeelde rotor, welke fungeert als warmteoverdragend oppervlak. Met een vergelijk-
baar warmteoverdrachtsmodel zijn eenfase flüıdum-rotor warmteoverdrachtscoefficien-
ten hr verkregen, als functie van ω en φL. De waarden voor hr zijn onafhankelijk
van φL en nemen een factor 30 toe bij een toename van ω van 0 tot 157 rad s−1. Dit
is een factor 2-3 hoger dan haalbare waarden in passieve reactor/warmtewisselaars,
verklaard door de factor 10 tot 100 maal hogere specifieke energiedissipatie, haalbaar
in de stator-rotor-stator spinning disc reactor. Door het vermogen om hr onafhanke-
lijk van φL, en dus van de verblijftijd van reactanten in de reactor, te verhogen, is de
srs-SDR veelbelovend als gëıntensiveerde reactor/warmtewisselaar. Dit kan bijvoor-
beeld toegepast worden om hoog exotherme reacties uit te voeren zonder oplosmiddel
als warmtebuffer.
Condenserende en verdampende stromen resulteren in hoge gas debieten en hoge
gas/vloeistof ratio’s. Om de stroming in rotor-stator ruimtes voor dergelijke condities
te begrijpen is de inerte gas-vloeistof stroming met simultane voeding in een rotor-
stator spinning disc reactor bestudeerd (Hoofdstuk 5). Door gebruik te maken van
hogesnelheidsbeelden zijn twee belvormingsmechanismen geobserveerd: overdruk van
gas leidt to grote, onregelmatige bellen, terwijl turbulente vloeistof vortices kleine,
goed-gedefinieerde bellen vormen. De twee mechanismen resulteren in drie afzonder-
lijke gas dispersie regimes, welke zijn onderscheiden door karakteristieke oscillaties in
de drukval. Voor lage ω, in het gas spillover regime, is het gas compleet gedispergeerd
als grote bellen. Boven deze kritische waarde voor ω worden eveneens kleine bellen
gevormd, hetgeen resulteert in een heterogene gas dispersie. Bij voldoende hoge ω,
afhankelijk van het gas debiet, is het gas in zijn totaliteit gedispergeerd als kleine
bellen. Het maximale gas debiet dat kan worden gedispergeerd als kleine bellen is
lineair proportioneel met de lokale energiedissipatie ε. Het begrip van belvorming en
de karakteristieke drukoscillaties maakt het mogelijk het heersende hydrodynamische
regime te voorspellen en te detecteren bij condenserende en verdampende stromingen
in rotor-stator ruimtes. De resultaten wijzen eveneens uit dat efficiënt contact tussen
zeer ongelijke gas en vloeistof debieten mogelijk is.
De condensatie van een zuivere dampstroom (dichloormethaan) in de buitenste rotor-
stator ruimtes van de srs-SDR is bestudeerd (Hoofdstuk 6), als functie van ω, het
massa debiet φm en gemiddelde temperatuursverschillen ∆T . In de bovenste ruimtes
condenseert de damp als een dunne vloeistof film op de rotor, terwijl in de onder-
ste ruimtes dampbellen gedispergeerd zijn in een continue, onderkoelde vloeistof fase.
Voor het huidige bereik van ω is het condensatie proces gelimiteerd door warmteover-
dracht van de dampbellen naar de condensaat fase, hetgeen verklaard wordt door het
relatief kleine gas-vloeistof oppervlak aGL in de onderste ruimtes. Met toenemende ω
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neemt de hoeveelheid damp die gedispergeerd is als kleine bellen snel toe, in overeen-
stemming met observaties van de inerte gas-vloeistof stroom. Dit resulteert in een
toenemende aGL, hetgeen leidt tot toenemende waarden van de reactor-gemiddelde
warmteoverdrachtscoefficient voor condensatie hc. De waarde van hc neemt een fac-
tor 3 toe door een verhoging van ω van 20 tot 115 rad s−1. Bij een hoge ε is de
condensatie in de srs-SDR sneller dan passieve condensatie bij eenzelfde ε, dankzij
een combinatie van toegenomen turbulentie intensiteit in the condensaat fase en een
toegenomen gas-vloeistof oppervlak.
Ten slotte is het verdampen van een zuivere vloeistof (dichloormethaan) in de binnen-
ste rotor-stator ruimtes van de srs-SDR onderzocht (Hoofdstuk 7), als functie van ω,
∆T en φm. De reactor-gemiddelde warmteoverdrachtscoefficient voor verdamping hb
neemt met een factor 3 toe door verhoging van ω van 0 tot 105 rad s−1, onafhankelijk
van ∆T en φm. De efficiëntie van verdamping in de srs-SDR, uitgedrukt als hb ver-
sus ε, is gelijkwaardig aan passieve verdamping in een buis, waar de energiedissipatie
geleverd wordt door de drukval. Echter, doordat in de srs-SDR 10 tot 100 maal hogere
waarden voor ε gehaald kunnen worden dan in passieve verdampers, worden hogere
waarden van hb gerealiseerd. Doordat hb onafhankelijk van de superficiële dampsnel-
heid verhoogd kan worden, is hb onafhankelijk van φm en van de lokale dampfractie
xG.
Combinatie van hc en hb laat zien dat de globale warmteoverdrachtscoefficient voor
de srs-SDR als simultane verdamper/condenser, meer dan een factor 3 hoger is dan
waarden haalbaar in passieve verdamper/condensers. Bovendien, doordat de con-
densatie en verdamping warmteoverdrachtsnelheden onafhankelijk zijn van de lokale
dampsnelheden, zoals het geval is voor passieve verdampers en condensers, zijn de
processen flexibeler en beter te controleren. Echter, door het hoge energiegebruik en
de relatieve complexiteit van de srs-SDR is het duidelijk dat de toepassing als ver-
damper/condenser enkel gerechtvaardigd indien eisen aangaande beschikbare ruimte
of flexibiliteit zeer stringent zijn.





1 Introduction

1.1 Intensification of chemical reactors

The increase of chemical production rates per equipment volume and an increased
efficiency in the usage of resources (i.e. raw materials, energy) result in a more
cost-effective and potentially safer operation of chemical plants. The reduction of
equipment volume lowers investment costs and enables a higher degree of control of
the reaction environment, while the increased efficiency of resources reduces opera-
tional costs and allows for smaller material inventories. The rather broad spectrum
of process improvements leading to an increased production efficiency is generally
termed process intensification [1], and includes: enhancement of heat and mass trans-
fer rates [2, 3, 4], integration of process tasks [5, 6] and operation at high temperature,
pressure and concentration conditions [7, 8].

A key limitation in increasing the volumetric production rate of a chemical process,
is the ability of the reactor to remove the increased rate of produced heat (or, in
case of endothermic reactions, supply the required heat). Insufficient removal of heat
from the reaction fluids, leads to an inhomogeneous temperature distribution, which
often results in decreasing reaction selectivity due to formation of by-products. For
highly exothermic reactions, the formation of hot spots can possibly lead to thermal
runaway and overheating of the reactor surface [9, 10, 11, 12]. Intensification of con-
vective heat transfer for chemical conversion processes is mainly done by application
of passively enhanced heat exchangers as chemical reactors [3, 12, 13, 14, 15, 16]. Well
established passive heat transfer enhancement techniques include micro/milli-channel
reactors [3, 17, 18], which decrease the diffusion length and increase the specific sur-
face area, and plate heat exchangers [19, 20] and plate fin heat exchangers [21, 22],
which decrease the diffusion length and increase the convective heat transfer coeffi-
cient by disturbance of the fluid flow. One of the main difficulties in applying passive
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heat exchangers as chemical reactors is the direct correlation between throughflow ve-
locity and the convective heat transfer rate. The residence time required for reaction
can be increased by either increasing the reactor length, resulting in a higher pressure
drop, or by decreasing the throughflow velocity, resulting in a lower heat transfer rate.
Hence, an economic optimum on capital and operational expenditures must be found
[20, 21, 23, 24]. For miniaturised chemical reactors, which exhibit high heat transfer
rates [18], difficulties include the low productivity per channel, which leads to a large
number of channels to be required. Furthermore, the distribution of reactants over
such large numbers of channels is difficult and leads to vulnerability to fouling and
clogging [25, 26, 27].

Active heat transfer intensification of chemical reactors, which aims to enhance con-
vective heat transfer independently of throughflow velocity, has received some atten-
tion beyond classic stirred tank reactors, including application of electric [28] and,
most notably, centrifugal fields [29, 30, 31]. Rotation of the heat transfer surface on
a thin-film spinning disc reactor [32] creates a thin liquid film with a high radially
outward velocity, which results in high rates of heat (and mass) transfer. However,
contact times between the fluid and the heat exchanging surface are short, typically
0.1-1 s [33]. The high heat and mass transfer rates of a thin-film spinning disc reactor
result in the intensified production of, for example, pharmaceutical ingredients [33]
and polystyrene [34]. The short contact times associated with centrifugally enhanced
heat transfer also limit its application as a chemical reactor to only very fast reac-
tions [33]. Realisation of considerably longer residence times leads to many stages or
large recycles. The first part of this thesis, Chapters 2 to 5, addresses the potential
of centrifugal thermal intensification of chemical reactors, with appreciable residence
time for reaction, by using rotor-stator spinning disc technology [35]. The rotor-stator
spinning disc technology is introduced in Section 1.4.

1.2 Gas-liquid heat transfer

The thermal intensification of chemical conversion processes concerns single phase
or gas-liquid flows, without a transition of phase. However, the removal or supply
of reaction heat to or from a (whether or not intensified) chemical reactor is often
realised by convective evaporation or condensation of a fluid, which raises interest in
enhancement of these processes as well. Moreover, convective evaporation and con-
densation processes are often encountered in the process industry, e.g. in evaporative
separations, distillation processes and refrigeration cycles. For successful intensifica-
tion of the entire production process, and not only the chemical reactor itself, it is
therefore imperative to reduce the size of evaporators and condensers as well. Indeed,
the ulterior motivation of this thesis is the intensification of an evaporative separation
process, as described in Section 1.3.

In case of pure fluids, evaporation rates are solely limited by the transfer of the en-
thalpy of evaporation from the heat exchanging surface to the gas-liquid interface,
and vice versa in case of condensation. For most practical (industrial) applications,
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both heat transfer processes are determined by forced convection through the liquid
film between the vapour and the heat exchanging surface [36, 37, 38]. Operation in
the nucleate boiling regime is difficult to control on a large scale and mainly limited to
specific applications such as thermal management in electronic circuits [39, 40], while
dropwise condensation is difficult to maintain under most industrial conditions [41].
Liquid film convection consists of two steps: transfer between the surface and the
bulk liquid, and between the bulk liquid and the gas-liquid interface [38]. Both asso-
ciated heat transfer coefficients, hL and hGL, respectively, are mainly determined by
the turbulence intensity in the liquid. The surface-liquid interface is fixed for a given
heat exchanger/reactor, while the gas-liquid interface depends on the prevailing hy-
drodynamics. Similar to single phase convection, evaporation and condensation heat
transfer is enhanced using both passive means, such as corrugated plate heat exchang-
ers [42, 43] and micro/milli-channels [44, 45], as well as active means of enhancement,
such as rotating surfaces [46, 47, 48, 49]. In passive evaporators and condensers, the
convective heat transfer is largely determined by the shear stress between the vapour
and liquid phases, which decreases the liquid film thickness and increases the turbu-
lence in the liquid film. For a condensing fluid, the strong influence of vapour velocity
on the heat transfer rate causes the condensation rate to deteriorate at low mass
vapour fractions (xG =< 0.5 kgGkg−1

total), and increasing pressures [42, 50, 51]. For
boiling inside the small confinement of passively enhanced heat exchangers, dry-out
of the heating surface leads to a strong decrease of the heat transfer rate already at
relatively low vapour fractions (xG > 0.4) [44, 52, 53]. Moreover, the strong variation
of the evaporation and condensation heat transfer rates with changing vapour veloc-
ity, makes integration of these processes in an intensified reactor-heat exchanger less
flexible and more difficult to control.
Application of a rotating heat exchanging surface allows the enhancement of both
evaporation and condensation heat transfer rates, independently of vapour velocity
[46, 54, 55, 56]. The centrifugal force decreases the liquid film thickness for both
processes, and increases the convection within the liquid film. This results in ap-
proximately constant heat transfer coefficients over the entire range of xG for both
evaporation and condensation. Moreover, in case of evaporation, vapour blanketing
is prevented due to removal of the local superheating and effective removal of the
vapour phase from the heat exchanging surface [49, 57]. However, due to difficulties
in scale-up and integration of a rotating heat exchanging surface into an actual reac-
tor, no chemical reactor with centrifugally enhance evaporation and/or condensation
has been developed so far. The second part of this thesis, Chapters 5 to 7, describes
the potential of the rotor-stator spinning disc technology to realise a rotating heat
exchanging surface for centrifugal enhancement of evaporation and condensation pro-
cesses.

1.3 The SPINCHAL project

This thesis is part of the SPINCHAL project, which is an acronym for SPINning disc
reactor for compact distributed CHlor-ALkali production. The SPINCHAL project
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aims to intensify the entire chlor-alkali process, which produces chlorine and sodium
hydroxide as main products, by making use of the centrifugal force in rotor-stator
spinning disc reactors. The ultimate goal is to move from the current large-scale,
centralised production with subsequent product transportation, towards compact,
distributed production at the consumer site. This is particularly pressing for chlo-
rine, for which distribution is strictly regulated due to necessary safety measures.
The chlor-alkali process is the electrolytic conversion of aqueous sodium chloride to
chlorine, sodium hydroxide and hydrogen. In the generally favoured membrane pro-
cess [58, 59], the products forming at the anode and cathode are separated by an
ion-exchange membrane, which selectively transports sodium ions from the anolyte
to the catholyte. The produced chlorine is saturated with water, which makes the
chlorine extremely corrosive [59]. Therefore, the water needs to be removed below
roughly 30 ppm [59], before the chlorine can be sold to the consumer. The secondary
product of the chlor-alkali process is aqueous sodium hydroxide. The electrochem-
ical membrane cell usually operates at around 30 wt% of sodium hydroxide, while
consumer-grade is usually 50 wt% or higher. Therefore, water needs to be removed
from the sodium hydroxide product as well, which is generally done by evaporating
part of the water, using condensing steam as a heat source. The intensification of the
separate unit operations of the chlor-alkali process, viz. electrolysis, chlorine drying
and sodium hydroxide evaporation, are subjects of individual parts of the SPINCHAL
project. The motivation for this thesis is the intensification of the sodium hydroxide
evaporation process, i.e. simultaneous intensification of evaporation and condensation
heat transfer, by using rotor-stator spinning disc technology.

1.4 Heat and fluid flow in a rotor-stator spinning
disc reactor

The rotor-stator spinning disc reactor (rs-SDR) is a novel type of chemical reactor,
aiming at intensification of single and multiphase processes, by utilisation of cen-
trifugal forces and high-shear conditions. The reactor consists of a rotating disc (the
rotor), enclosed by a stationary cylindrical housing (the stator). This is schematically
depicted in Figure 1.1. The reaction fluids flow through the axial gap between the
rotor and the stators, which is typically 1− 2 · 10−3 m. The small axial gap and large
tangential velocity difference between the rotor and the stator results in a large veloc-
ity gradient, which causes a large shear force to be exerted on the reaction fluids. The
high shear force in turn results in a high turbulence intensity and a large interfacial
area in case of multiphase flows. High rates of gas-liquid [35, 60, 61], liquid-liquid [62]
and liquid-solid [63] mass transfer are observed in the rs-SDR. Moreover, alternative
configurations of the rs-SDR resulted in centrifugally enhanced countercurrent liquid-
liquid extraction [64] and hydrodynamical containment of solid (potentially catalyt-
ically active) particles [65]. This thesis presents the application of the rotor-stator
spinning disc technology to intensify single (liquid) and multiphase (condensation,
evaporation) heat transfer processes.
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Figure 1.1: Schematic representation of a rotor-stator spinning disc reactor, consisting of a rotor
(which typically rotates with an angular velocity up to 200 rad s−1) enclosed by a stationary cylin-
drical housing. Gas and liquid are injected at the top, and withdrawn at the bottom. Due to the
high tangential velocity difference and small rotor-stator gap, a high shear force is exerted on the
fluids, which results in high turbulence intensities.

The first part of this thesis, Chapters 2 to 4, presents the single phase fluid flow
and heat transfer in a rotor-stator spinning disc reactor, which is relevant for the
thermal intensification of chemical reactors and for understanding of the more complex
multiphase processes. To experimentally determine the single phase heat transfer
coefficients from steady state temperature measurements, a description of the single
phase fluid flow through rotor-stator cavities is required. The flow patterns of a
single phase fluid through a rotor-stator cavity have been studied extensively (e.g.
[66, 67, 68, 69]). However, direct application of the complex hydrodynamics for the
actual design and performance calculations of a rotor-stator spinning disc reactor is
unfeasible. Therefore, an easily applicable reactor engineering model for single phase
flow through a rotor-stator cavity is developed, which is described in Chapter 2.
Based on residence time distribution measurements, a model consisting of regions of
radial plug flow at low radial positions and an ideally mixed region at high radial
positions is proposed. The influence of rotational velocity, volumetric throughflow
velocity and rotor-stator axial gap on the model parameters is determined.

The resulting fluid flow model is applied in Chapter 3 to obtain experimental values
of the fluid-stator heat transfer coefficient in a multi-stage rotor-stator spinning disc
reactor, from steady state heat transfer measurements. The influence of rotational
velocity, volumetric throughflow velocity and rotor-stator axial gap is discussed and
results are compared to existing correlations for convective heat transfer in rotor-
stator systems. The thermal performance of the multi-stage rs-SDR is evaluated and
compared to conventional tubular reactors.

The centrifugal enhancement of convective heat transfer is further optimised in a
newly developed stator-rotor-stator spinning disc reactor (srs-SDR), which is pre-
sented in Chapter 4. The srs-SDR consists of a stationary disc, which is enclosed
by a rotating cylindrical housing, which is again enclosed by a stationary cylindrical
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Figure 1.2: Schematic representation of the stator-rotor-stator spinning disc reactor, consisting of a
stationary disc, enclosed by a rotating cylindrical housing, which is again enclosed by a stationary
cylindrical housing. This yields two separate rotor-stator cavities, with a shared rotor, which allows
intensification of the overall heat exchange between fluids in the two cavities. In this thesis, con-
vective single phase, condensation and boiling heat transfer coefficients in rotor-stator cavities are
determined.

housing, as depicted schematically in Figure 1.2. In this way, two separate rotor-
stator cavities are obtained, sharing a common rotor as heat exchanging surface.
Fluid-rotor heat transfer coefficients are determined as a function of rotational ve-
locity and throughflow velocity. The thermal performance of the srs-SDR, in terms
of heat transfer coefficient versus the specific energy input, is compared to passively
enhanced plate and plate fin heat exchangers.

The second part of this thesis, Chapters 5 to 7, focusses on gas-liquid flow and heat
transfer in rotor-stator cavities. Convective condensation and boiling heat transfer
is determined by the transfer between the surface and the bulk liquid (determined
in Chapters 3 and 4), and between the bulk liquid and the gas-liquid interface [38].
The gas-liquid heat transfer in turn, is determined by the gas-liquid heat transfer
coefficient and the gas-liquid interfacial area. Chapter 5 studies gas-liquid flow in a
rs-SDR, with co-feeding of gas and liquid, for high gas volumetric throughflow rates
(up to 283·10−6 m3

Gs−1) and high gas/liquid volumetric flow ratios (up to 95 m3
Gm−3

L ),
as encountered during the condensation and evaporation processes. Gas-liquid flow
regimes and bubble formation are analysed using high speed imaging and spectral
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analysis of pressure drop signals. The characteristics of gas dispersion in the rs-SDR,
determining the gas-liquid interfacial area, are related to the volumetric throughflow
velocity and the local turbulence intensity.
In Chapter 6, heat transfer coefficients for condensation of a pure vapour in the
exterior cavities of the srs-SDR (Figure 1.2) are determined, as a function of rota-
tional velocity, volumetric throughflow rate and temperature driving force. The con-
tributions of top and bottom rotor-stator cavities are estimated and gas-liquid heat
transfer results are compared to equivalent gas-liquid mass transfer rates presented by
Meeuwse et al. [35]. Forced convection boiling of a pure fluid in the interior cavities of
the srs-SDR is presented in Chapter 7, again as function of rotational velocity, vol-
umetric throughflow rate and temperature driving force. Results of the condensation
and evaporation heat transfer rates are compared to conventional tubular heat trans-
fer coefficients. The overall performance of the srs-SDR as an evaporator/condenser,
and the other major conclusions and results of this thesis, are presented in Chapter
8.
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Abstract

This Chapter presents an engineering model for single phase flow in a multi-stage
rotor-stator spinning disc reactor. The model is based on residence time distribution
data, obtained by tracer injection experiments. Measurements are done for gap ratios
of G = 0.017 and 0.03, rotational Reynolds numbers of Reω = 4.4·104 to 2.05·106 and
superposed dimensionless throughflow rates of Cw = 127 to 421. A single rotor-stator
cavity can be described by regions of radial plug flow at low radial disc positions,
in combination with a single ideally mixed region at high radial positions. The ra-
dial position where transition between plug flow and ideally mixed regions occurs
decreases with increasing rotational Reynolds number and gap ratio, and increases
with increasing superposed throughflow rate. The resulting flow model is explained by
the throughflow and rotation dominated regions observed in rotor-stator cavities with
superposed throughflow. The model can be used to quantify performance characteris-
tics of rotor-stator spinning disc reactors, without application of extensive numerical
simulations. Results indicate that the model can be scaled up with any number of
rotor-stator cavities in series, as well as with increasing disc radius and gap ratio.
This makes it a valuable tool in scaling up production capacity of the spinning disc
reactor.
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2.1 Introduction

The multi-stage rotor-stator spinning disc reactor (MSDR) is a versatile continuous
flow reactor, aiming at intensified heat transfer, mixing and (in case of multiphase
flows) mass transfer. A single stage of the MSDR consists of a rotating disc (rotor)
enclosed by two stationary discs (stators) and a stationary cylindrical housing, see
Figure 2.1. The axial gap between the rotor and stators is small, typically in the
range of a few millimetres. A high velocity gradient is present between the rotor
and the stators, causing a high shear force to act on the fluid present in the gap.
The high shear force acting on the fluid results in an increased turbulence intensity
and a large gas-liquid or liquid-liquid interfacial area in the case of multiphase flows.
Together, this results in high rates of gas-liquid [1, 2], liquid-liquid [3] and liquid-solid
[4] mass transfer, with values up to 20 times higher than measured for conventional
multi-phase equipment. In the MSDR multiple rotor-stator stages are employed to
scale up the single-stage spinning disc reactor (rs-SDR). It should be noted that the
current work applies solely to rotor-stator spinning disc reactors, and not to thin-film
spinning disc reactors developed by the group of Ramshaw et al. [5, 6].

Figure 2.1: Schematic representation of a single rotor-stator cavity. It consists of a rotating disc
(rotor) enclosed by a cylindrical housing (stators). The axial gap between the rotor and the stators
is typically a few millimetres, leading to high shear forces acting on the fluid. A net centrifugal
throughflow is present above the disc, while a net centripetal flow is present beneath the disc.

The hydrodynamics inside the rotor-stator cavities are of major importance to quan-
tify the performance (e.g. conversion, mass and heat transfer rates) of the MSDR.

In Chapter 2 the relevant dimension for the used dimensionless numbers (G = sr−1
D , Reω =

ωr2
Dν

−1 and Cw = φν−1r−1
D ) is the rotor radius rD. Since the rotor and stator are a distance

s apart, it appears to be natural to define the Reynolds number based on this gap distance.
However, due to the fact that in literature relevant to the current work the use of disc radius as
dimension is most widely applied, this convention is followed throughout this Thesis.
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Flow structures encountered in single phase rotor-stator systems have been investi-
gated extensively over the past decades [7], and research is still ongoing (e.g. [8]).
However, direct application of the complex hydrodynamics to actual spinning disc
reactors for design and performance calculations is often unfeasible. Therefore a
simplified engineering model of the fluid flow patterns inside rotor-stator cavities is
desired.

For systems without externally applied throughflow a high radial recirculation is gen-
erally observed, see Section 2.2.1 of this paper. Therefore a single phase flow inside
the rotor-stator cavity of the rs-SDR was previously assumed to be ideally mixed [4].
However, in the case of superposed throughflow it was found that regions without
radial backmixing may be present (Section 2.2.2). As can be seen in Figure 2.1, the
rs-SDR is a combination of centrifugal throughflow above the disc and centripetal
throughflow beneath the disc. Therefore the flow through a rotor-stator cavity of
the rs-SDR was later approached by a combination of radial plug flow and ideally
mixed regions [9]. However, this engineering model is not directly applicable to the
MSDR, mainly due to different reactor dimensions (disc radius rD = 0.135 m versus
rD = 0.066 m in the current work) and due to the decision to loosen the constraint of
an integer number of ideally mixed tanks-in-series, n. For the use of the engineering
model to quantify reactor performance other than conversion (i.e. heat and mass
transfer rates) n must be an integer.

The current work aims to obtain an easily applicable reactor engineering model for
single phase flow through a rotor-stator cavity with a low gap ratio (G < 0.04),
based on residence time distribution measurements. This model can be used to quan-
tify performance characteristics of rotor-stator spinning disc reactors for single phase
reactions, without application of extensive numerical simulations. The influence of
rotational velocity, superposed throughflow rate and rotor-stator axial gap on the re-
sulting model is investigated. Applicability of the model for scaling-up is investigated
by comparison to detailed numerical studies and previous experimental work.

2.2 Hydrodynamics of rotor-stator systems

The engineering model presented in the current work is a simplification of the com-
plex hydrodynamics encountered in rotor-stator systems with superposed through-
flow. Therefore the next section presents a brief summary of the flow dynamics of a
single phase, Newtonian fluid in rotor-stator cavities. Section 2.2.1 deals with rotor-
stator cavities where no superposed throughflow is present and introduces the basic
flow structures observed in rotor-stator systems. Section 2.2.2 focusses on rotor-stator
systems with superposed throughflow, based on the flow regimes introduced in Sec-
tion 2.2.1. This is specifically of relevance to the current work, since in the rs-SDR
both centrifugal and centripetal superposed throughflow is present (Figure 2.1).



16 Single phase rotor-stator flow

Figure 2.2: Schematic radial and tangential velocity profiles for (a) Stewartson flow and (b) Batchelor
flow. In the case of Stewartson flow the bulk fluid is at rest, only a Von Kármán layer is formed
along the rotor [11]. Stewartson-like flow structures are observed in the case of superposed radial
throughflow, see Section 2.2.2. In the case of Batchelor flow (b) boundary layers are formed on the
rotor as well as on the stator [12], leading to a high degree of radial mixing. The boundary conditions
of the system determine whether a Stewartson or Batchelor flow is observed [13, 14].

2.2.1 Rotor-stator fluid flow without superposed throughflow

The fluid flow within a rotor-stator cavity with no superposed throughflow is, to
limited extend, a combination of the work of Von Kármán, who studied the case of
a rotating disc in a stagnant medium [10], and Bödewadt, who studied the similar
case of a rotating fluid over a stationary disc [11]. The boundary layer along the
rotating disc (generally termed Von Kármán layer) is characterised by a net centrifugal
radial velocity and a net negative axial (towards the disc) fluid velocity. Analogously,
the fluid in the boundary layer along the stator (termed Bödewadt layer) has a net
centripetal velocity and a net positive axial (away from the disc) velocity.
The Von Kármán and Bödewadt boundary layers form the basis of describing the
flow structures in rotor-stator systems. Depending on the boundary conditions at the
rim of the disc either a boundary layer develops on the rotor alone, see Figure 2.2a,
or boundary layers develop on both the rotor and the stator, see Figures 2.2b and
2.4b [13, 14]. In the former case (called Stewartson flow) the bulk fluid is at rest and
only a Von Kármán layer is formed on the rotor [15]. For a rotor-stator system with
externally applied centrifugal throughflow a structure similar to Stewartson flow is
observed, see Section 2.2.2.
In the case of boundary layer formation on both the rotor and the stator, the exact
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flow structure is mainly determined by the rotational Reynolds number Reω and
the gap ratio G of the system, as is shown in Figure 2.3. Previous work by Daily
and Nece [16] showed that for a low gap ratio (G < 0.025, depending on Reω) the
Von Kármán and Bödewadt layers are merged (termed torsional Couette flow). In
Figure 2.4b torsional Couette flow is schematically depicted. In case of a large gap
ratio (G > 0.04) the boundary layers along the rotor and stator are separated by an
inviscid, rotating core (termed Batchelor flow [12]). In Figure 2.2b Batchelor flow
is schematically depicted. Both flow structures exist in the laminar and turbulent
regime [16], see Figure 2.3.
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Figure 2.3: Flowmap for rotor-stator systems with no superposed throughflow [16, 17]. Depending on
rotational Reynolds number and gap ratio either separated boundary layers (Batchelor flow, 2.2(b))
or merged boundary layers (torsional Couette flow, 2.4(b)) are observed. Both flow structures can
either by laminar or turbulent. It should be noted that in the case of superposed radial throughflow
the boundaries between laminar and turbulent flows shift to lower values of Reω [7], although this
is not sufficiently quantified. For most of the experimental conditions in the current work (- -) a
turbulent torsional Couette flow is expected.

The centrifugal and centripetal radial throughflow rates inside the Von Kármán and
Bödewadt layers respectively (termed φω in the current work), are generally found
to be high, up to two orders of magnitude larger than the superposed throughflow
rates employed in the current work [7]. This causes a high degree of liquid circulation
within the rotor-stator cavity. In the current work the flow belongs to the regime of
turbulent torsional Couette flow [16] for most experimental conditions (indicated in
Figure 2.3 - -).

2.2.2 Rotor-stator fluid flow with superposed throughflow

Introducing an externally applied throughflow in a rotor-stator cavity alters the flow
structures. In the case of a superposed centrifugal throughflow (Cw > 0) a Stewartson-
like flow structure is observed at low radial positions [18, 19, 20, 21, 22]. In this
region the tangential velocity decreases to zero outside the Von Kármán layer (hence
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the comparison with Stewartson flow), and the radial velocity is positive (radially
outward) for all axial positions (Figure 2.4a). At higher radial positions the flow
structure maintains its torsional Couette [22] or Batchelor [21] behaviour, depending
on the gap ratio employed. In the torsional Couette or Batchelor region the radial
velocity is centrifugal along the rotor and centripetal along the stator (Figure 2.4b).
The transition of the torsional Couette or Batchelor regime to the Stewartson regime
is marked by the strong decrease of the tangential velocity outside the Von Kármán
layer.
In the case of a superposed centripetal throughflow (Cw < 0) the tangential velocity
increases towards lower radial positions (due to the conservation of angular momen-
tum), and the radial velocity is negative for all axial positions [17, 18, 21, 22, 23, 24,
25, 26]. Similar to the case of centrifugal throughflow, at high radial positions the
torsional Couette or Batchelor structure is preserved. The radial velocity profiles for
Cw < 0 are therefore quite similar to the case of Cw > 0 (Figure 2.4, top side), with
the radial velocity being negative in the throughflow governed region. The transition
between the two regimes for Cw < 0 is located at the point where the tangential
velocity outside the Bödewadt layer is higher than the rotational velocity of the disc,
causing the radial velocity in the Von Kármán layer to be centripetal.
It can therefore be concluded that for both a centrifugal and a centripetal through-
flow, the flow structure in a rotor-stator cavity is divided in a region dominated by
throughflow and a rotation dominated region. Since the radial velocity is unidirec-
tional for all axial positions in the throughflow-governed region, no radial backmixing
is present. In contrast, in the rotation-governed region a strong radial recirculation
is present, similar to the original torsional Couette or Batchelor flow (Section 2.2.1).
In the current work the throughflow and rotation dominated regions are therefore in-
terpreted as regions of radial plug flow and ideal radial mixing, respectively (Section
2.4.2).
The radial position where transition between the throughflow and rotation-governed
regions occurs, rtrans, is an important model parameter. In the case of merged bound-
ary layers (torsional Couette flow) little information is available on this transition.
For the case of separate boundary layers (Batchelor regime), it was shown rtrans scales
according to Equation 2.1 [19, 21]

rtrans
rD

=
(

1
c

Cw

Re
4
5
ω

) 5
13

(2.1)

In Equation 2.1, c is a proportionality constant. The theoretical value for c has been
shown to be c = 0.219 [7, 19], which has been confirmed by numerical simulations
using Reynolds stress modeling [22, 26]. This value for c suggests that transition
occurs at the point where the superposed flow rate is equal to the entrainment rate
of a turbulent free disc [7]. Earlier experimental work however, has indicated core
rotation is not completely suppressed for c = 0.219 [7, 27, 28], although no quantitative
results on the transition from Batchelor to Stewartson flow were reported.
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Figure 2.4: Schematic radial and tangential velocity profiles for a net centrifugal throughflow in a
rotor-stator cavity in the torsional Couette regime. At low radial positions (a) the radial velocity is
positive for all axial positions and the tangential velocity decreases to zero outside the Von Kármán
layer. In this regime the superposed throughflow dominates the flow structure. At high radial
positions (b) the radial velocity is positive in the Von Kármán layer and negative in the Bödewadt
layer, resulting in radial fluid circulation. This region is dominated by rotation.

Equation 2.1 implies that the value of rtrans is determined by the relative magnitudes
of the volumetric superposed flow rate, φ and the (recirculating) flow rate in the
Von Kármán and Bödewadt layers, φω. Since φω ∝ r [7], the influence of superposed
throughflow is most pronounced at low radial positions. This leads to a unidirectional
radial velocity at low radial positions, as is reported in literature [19, 21, 22]. At higher
radial positions, φω dominates the flow structure, due to the high tangential shear
stresses, indicating a rotation-governed flow [22].

It should be noted that according to Equation 2.1 no effect of axial gap on the
transition between throughflow and rotation-governed region is expected. Literature
suggests that this is indeed the case for both centrifugal [21] as well as centripetal
throughflow [20] in the Batchelor regime. However, for the case of turbulent torsional
Couette flow contradicting information is found in literature. The main numerical
study on superposed throughflow in a rotor-stator cavity with a low gap ratio has
found no influence of gap ratio in the torsional Couette regime [22]. An other study
has shown that for given combination of Cw > 0 and Reω, decreasing the gap ratio
from G = 0.036 to 0.012 results in changing from a combination of Batchelor and
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Stewartson-type regimes, to a Stewartson-type regime in the whole cavity [26]. This
indicates that for small gap ratios, rtrans increases with decreasing gap ratio, and
thus that the proportionality constant c (Equation 2.1) is an increasing function of
G.
The influence of Cw, Reω and G on the transition between throughflow and rotation-
governed regions is studied in the current work (Section 2.4.3).

2.3 Experimental section

2.3.1 Experimental setup

The multistage spinning disc reactor is described in detail previously [29], a schematic
representation is shown in Figure 2.5. The reactor (made out of 316L stainless steel)
consists of a shaft (radius rr,i = 17 · 10−3 m) to which three rotors are attached. The
shaft is driven by a SEW Eurodrive CFM71M, reaching rotational velocities up to
ω = 470 rad s−1. The outer radius of the rotors is rD = 66 · 10−3 m , the radius of
the cylindrical housing is 76 · 10−3 m, leaving a radial distance of ∆rs = 10 · 10−3

m between rotor and stationary housing. The height of a stage is 8 · 10−3 m, the
thickness of the discs is 4 · 10−3 m or 5.8 · 10−3 m. The axial gap between rotor and
stator is thus variable to s = 1.1 · 10−3 m or 2 · 10−3 m. The total reactor volume is
VR = 219 ·10−6 and VR = 292 ·10−6 m3 for s = 1.1 ·10−3 and 2 ·10−3 m, respectively.
The rotor-stator cavities account for Vrs = 189 · 10−6 m3 (for s = 1.1 · 10−3 m) and
Vrs = 266 · 10−6 m3 (for s = 2 · 10−3 m) of the total reactor volume. The remaining
volume, VR − Vrs, consists of internal inlet and outlet tubes, as well as the interstage
annular volumes between the shaft and stator. Liquid (demineralised water) was
injected at the top of the reactor into the rotor-stator cavity and was withdrawn
from the bottom. The liquid volumetric flow rate was controlled by a coriolis mass
flow controller (Bronkhorst Cori-Flow M55), up to φL = 27 · 10−6 m3s−1. Inside
the stators, rectangular meandering channels (width 16 · 10−3 m, height 4 · 10−3 m)
provide means for indirect heat exchange with the rotor-stator cavities. Cooled liquid
(demineralised water) was fed to the bottom stator, and was withdrawn from the top
stator to maintain a constant reactor temperature.

2.3.2 Residence time distribution measurements

A saturated aqueous solution of methylene blue (96.7 mol m−3, Sigma Aldrich) was
injected in the fluid at 105 · 10−3 m before the reactor inlet. Two 1

4” stainless steel
in-line UV-VIS flow cells (Avantes) with an optical path length of 5 · 10−3 m were
located at 56 ·10−3 m from the reactor inlet and at 73 ·10−3 m after the reactor outlet.
The inlet and outlet tubes had a combined volume of V = 1.6 · 10−6 m3. A dual
channel AvaSpec-2048-USB2 UV-VIS spectrophotometer, equipped with a AvaLight-
DH-S light source was employed. Absorbance of methylene blue was measured at
291 nm (integration time of 2.5 ms), where the Lambert-Beer law was obeyed for a
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Figure 2.5: Schematic representation of the 3-stage rotor-stator spinning disc reactor. Three rotors
(with a radius of rD = 66 ·10−3 m) are attached to the shaft (maximum rotational speed of ω = 470
rad s−1). The axial gap between the rotor and the stators is variable to s = 1.1 · 10−3 m or 2 · 10−3

m. Liquid is fed to the top of the reactor and withdrawn from the bottom. Cooling liquid is fed to
the bottom stator and withdrawn from the top stator to keep the reactor temperature at T = 293±2
K. Tracer injection occurs at 105 ·10−3 m from the reactor inlet. Two in-line UV-VIS flow cells were
located at 56 · 10−3 m from the reactor inlet and at 73 · 10−3 m after the reactor outlet to monitor
the tracer concentration over time.

concentration range of 1·10−7 to 1·10−4 mol m−3. All tracer injections were performed
by injecting 0.2 ·10−6 m3 tracer solution at 0.4 ·10−6 m3s−1, employing a 25 ·10−6 m3

Cetoni Nemesys syringe pump. To ensure a narrow inlet signal a ball valve between
the syringe pump and the reactor inlet tube was manually opened and closed for each
injection, minimising the tailing of the inlet pulse. The inlet signal exceeded the upper
detection limit to ensure a well detectable outlet signal. Therefore deconvolution of
the outlet signal with the inlet signal was impossible. However, for all measurements
it was found that the tracer solution entered the reactor (i.e. tailing of the pulse
ended) between 4.3 and 10% of the mean residence time in the reactor (see Figure
2.6a). Therefore, the non-ideality of the inlet pulse was considered negligible. The
maximum outlet concentration was found to range between 0.2 · 10−4 and 0.6 · 10−4

mol m−3, well within the calibrated range. The temperature for all measurements was
kept at 293±2 K by a cold stream in the stator channels. The reactor side volumetric
flow rate ranged between φL = 8.4 · 10−6 and 27.9 · 10−6 m3s−1 (corresponding to a
flow rate coefficient of Cw = φLν

−1
L r−1

D = 127 to 421). The rotational velocity ranged
between ω = 10 and 470 rad s−1, corresponding to rotational Reynolds numbers of
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Figure 2.6: (a) Absorbance at the inlet and outlet of the reactor, for a gap ratio G = 0.017, a flowrate
coefficient of Cw = 127 and a rotational Reynolds number of Reω = 1.83 ·105. For all measurements,
the tracer solution entered the reactor in less than 10% of the mean residence time in the reactor. (b)
Experimentally obtained Eexp-curve (red solid line) with the obtained model Emod-curve (black solid
line), according to Equation 2.4. (experimental parameters: G = 0.017, Cw = 127, Reω = 1.83 · 105,
model parameters: n = 3, τpf = 4.3 s) High coefficients of determination were obtained for all
measurements (adjusted R2 = 0.995 for G = 0.017, adjusted R2 = 0.998 for G = 0.03). The
optimised value of τpf for these conditions is indicated by the vertical solid line.

Reω = ωr2
Dν
−1
L = 4.4 · 104 to 2.05 · 106. The axial gap between rotor and stator was

s = 1.1 · 10−3 and 2 · 10−3 m (corresponding to a gap ratio of G = 0.017 and 0.03).
Data was collected every 0.1 s, measurements were done in duplo.

The experimental exit age distribution, Eexp(t), was calculated from the tracer con-
centration at the reactor outlet by Equation 2.2.

Eexp(t) = C(t)∫∞
0 C(t) dt

(2.2)

The integral in the denominator of Equation 2.2 was numerically approximated by
the trapezoidal method. The lower integration limit was set to be the first time step
at which tracer was detected at the inlet. The upper integration limit was given by
the first time step at which the absorbance was equal to the baseline absorbance.
The experimental mean residence time, τm,exp, was obtained from Eexp by Equation
2.3. The values of τm,exp were found to be normally distributed within 6% of the
theoretical mean residence time, τm = VRφ

−1
L .

τm,exp =
∫ ∞

0
tEexp(t) dt (2.3)
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The fluid flow in the rotor-stator cavities was described by a combination of plug flow
volume and n ideally stirred tanks-in-series. Therefore the modelled E(t)-curve was
described by Equation 2.4.

Emod(t) =


0 t < τpf

tn−1

(n−1)!
( τm,exp−τpf

n

)n e−t/( τm,exp−τpfn

)
t ≥ τpf (2.4)

where τm,exp−τpf
n is the mean residence time per ideally stirred tank.

In the model the experimentally obtained τm,exp was used, n and τpf were optimisation
parameters. High coefficients of determination were obtained for all measurements
(adjusted R2 = 0.995 for G = 0.017, adjusted R2 = 0.998 for G = 0.03), see Figure
2.6b.

2.4 Results and discussion

2.4.1 Residence time distribution

The experimentally obtained exit age distributions are described as a combination of
a plug flow volume and n ideally stirred tanks-in-series, see Equation 2.4 and Figure
2.6b. For the large majority of measurements (113 out of 123 measurements for
G = 0.017, 118 out of 120 measurements for G = 0.03) the optimum value of the
number of tanks is found to be n = 3. Deviation from the value of n = 3 is mainly
observed for measurements where the mean residence time was small (τm,exp < 11 s);
no influence of rotational velocity is observed. In the deviating cases the number of
tanks is found to be n = 4. A possible explanation is that the imperfect inlet pulse
(Figure 2.6a) slightly broadens the outlet signal. This effect will be most pronounced
at relatively low values of τm,exp (in comparison with the width of the inlet signal).
Since for the large majority of measurements the number of tanks is found to be
n = 3, it is concluded that n is constant for all experimental conditions in the current
work.
The optimised values of plug flow residence time, τpf , are found to be strongly de-
pendent on rotational velocity, volumetric throughflow and axial gap. The plug flow
volume is obtained from Equation 2.5, with the volume of the inlet and outlet tubes
subtracted (see Section 2.3.2). Figures 2.7a and 2.7b show the experimentally ob-
tained values of the plug flow volume as a fraction of the total reactor volume, VpfV −1

R ,
for a gap ratio of G = 0.017 and 0.03, respectively. The dashed lines indicate the
fraction of reactor volume outside the rotor-stator cavities, (VR − Vrs)/VR (Section
2.3.1).

Vpf
VR

= τpf · φL
VR

(2.5)
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Figure 2.7: Experimentally obtained plug flow volume, Vpf , as a function of rotational Reynolds
number, Reω and superposed dimensionless throughflow rate, Cw for a gap ratio of (a) G = 0.017
and (b) G = 0.03. The dashed lines indicate the fraction of reactor volume outside the rotor-stator
cavities, VR − Vrs. For G = 0.017, Vpf decreases with increasing rotational velocity and increases
with increasing volumetric throughflow for Reω > 0.45 · 106. For rotational Reynolds numbers
Reω < 0.45 · 106, Vpf increases with increase rotational velocity. For G = 0.03, Vpf decreases with
increasing rotational velocity and increases with increasing volumetric throughflow.

For a gap ratio of G = 0.017, Figure 2.7a, and rotational Reynolds numbers above
Reω = 0.45 · 106, Vpf decreases with rotational velocity for all rates of throughflow.
For rotational Reynolds numbers below Reω = 0.45 · 106, Vpf is found to increase for
throughflow rates of Cw = 295 and 421. For throughflow rates of Cw = 127 and 211,
Vpf shows a minimum at a rotational Reynolds number of Reω = 0.23 · 106. For all
rotational velocities, Vpf decreases with throughflow. For a gap ratio of G = 0.03,
Figure 2.7b, Vpf decreases with rotational velocity for all rates of throughflow. For
all rotational velocities, the plug flow volume decreases with throughflow. The plug
flow volume is found to decrease with increasing axial gap for most conditions. At
rotational velocities below Reω = 0.22 · 106 and throughflow rates of Cw = 295 and
421, Vpf increases with increasing s.
These results indicate that the fluid in the reactor is increasingly mixed (in the radial
direction) with increasing Reω and G and with decreasing Cw. This is explained by
the relative magnitudes of φL and φω as is discussed in Section 2.2.2. The results for
Vpf are further discussed in Sections 2.4.3 and 2.4.4.

2.4.2 Reactor model

The MSDR can be described as three equal-sized ideally stirred regions combined
with a varying plug flow volume (Section 2.4.1). The geometry and dimensions of
each rotor-stator cavity (including in- and outlets) within the MSDR are exactly
equal. Moreover, it was previously shown that gas-liquid flow in a rotor-stator reactor
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exhibited similar mass transfer characteristics for one or multiple discs in series [29].
It seems therefore reasonable to assume a similar flow structure in each rotor-stator
cavity of the MSDR for single phase flow. Therefore, it is concluded that a single
rotor-stator cavity can be modelled as a combination of radial plug flow and one
ideally stirred region.
The observed plug flow volume can be explained by the regions of throughflow-
governed flow, as is reported in literature for rotor-stator systems with superposed
throughflow (Section 2.2.2). For both superposed centrifugal and centripetal through-
flow, the radial velocity at low radial positions is unidirectional for all axial positions.
Therefore, the regions at low radial positions both above the disc (centrifugal through-
flow) and under the disc (centripetal throughflow) are regarded as radial plug flow.
The single ideally stirred region for one rotor-stator cavity is explained by the torsional
Couette or Batchelor type of flow observed at higher radial positions in rotor-stator
systems with superposed throughflow (Section 2.2.2). Due to the high radial rates
of throughflow in the Von Kármán and Bödewadt layers, a high degree of mixing is
obtained. Moreover, it has been observed that the region between the rim of the disc
and the outer reactor radius was intensely mixed as well [22]. This explains why the
regions at high radial positions both above and under the disc can be regarded as one
single well-mixed region, as was observed in the current work.
With these considerations an engineering model for the flow through a single rotor-
stator cavity is proposed. Radial plug flow is allocated to low radial positions above
and under the disc. The ideally stirred region is allocated to the high radial positions
above and under the disc, combined with the region between the rim of the disc and
the cylindrical housing. This engineering model is depicted schematically in Figure
2.8.

Figure 2.8: Proposed engineering model of one rotor-stator cavity. Radial plug flow is assumed to be
located at low radial positions, both above and under the disc. In this region the externally applied
throughflow governs the radial fluid velocity. At higher radial positions, Von Kármán and Bödewadt
boundary layers form at the rotor and stator respectively, causing a high degree of mixing in the
radial direction.

2.4.3 Transition between throughflow and rotation governed
regions

The radial position at which transition of plug flow to well-mixed behaviour occurs,
rtrans, is derived from the plug flow volume according to Equation 2.6. The reactor
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volume outside the rotor-stator cavities, VR − Vrs, is assumed to exhibit plug flow
behaviour and is therefore subtracted from the experimentally obtained plug flow
volume in the calculation of rtrans. This is in accordance with the proposed reactor
model, where regions of radial plug flow are assumed to occur at low radial positions.
For some conditions (most notably for G = 0.03, Cw = 127 and Reω > 0.9 · 106),
Vpf is smaller than the reactor volume outside the rotor-stator cavities, VR−Vrs (see
Figures 2.7a and 2.7b). Presumably under these conditions part of the interstage
annular volumes between the shaft and the stator (Section 2.3.1) are mixed up with
the fluid in the rotor-stator cavities. In this case no plug flow region is present inside
the rotor-stator cavities.
Zero axial and tangential velocity gradients are assumed in the calculation of rtrans,
justified by the turbulent nature of the flow for most experimental conditions, see
Figure 2.3. Because of the similarity in radial velocity profiles for centripetal and
centrifugal superposed throughflow [22], it seems reasonable to assume top-bottom
symmetry in the engineering model.

rtrans
rD

=

√
Vpf − (VR − Vrs)

6πr2
Ds

+
(
rr,i
rD

)2
(2.6)

The resulting transitional radii are depicted in Figure 2.9 against the dimensionless pa-
rameter (CwRe−4/5

ω )5/13. From Figure 2.9 it can be concluded that the values of rtrans
follow Equation 2.1 generally well, e.g. rtrans increases with increasing superposed
throughflow and decreasing rotational velocity. This trend has been reported repeat-
edly in literature for both centrifugal and centripetal throughflow [17, 22, 25], as is
explained in Section 2.2.2. It should be noted that for G = 0.017 and Reω < 0.45·106,
rtrans increases with rotational velocity (displayed in the inset of Figure 2.9), which is
not fully understood. A possible explanation might be that the flow at low Reynolds
numbers is not completely turbulent (see Figure 2.3), making the assumptions on
which Equation 2.6 is based invalid. However, it is not clear why a similar behaviour
is not observed for G = 0.03. Figure 2.9 shows that rtrans increases with decreasing
gap ratio; this is further discussed in Section 2.4.4.

2.4.4 Literature comparison

The results obtained in the current work deviate from the earlier work of Visscher et al.
[9]. For one rotor-stator cavity they have found the residence time distribution to be
described by a varying amount of plug flow and 1.7−2.3 tanks in series (versus n = 1
for a single cavity in the current work, see Section 2.4.2). This is partly explained
by the relatively long tailing observed in the inlet pulse in the work of Visscher et
al. [9]. In the current work the inlet pulse width ranges between 4.3 and 10% of
τm,exp (see Section 2.3.2), whereas in the work of Visscher et al. [9] the inlet pulse
width ranges between 12 and 40% of τm,exp. Deconvolution of the inlet signal was
not possible due to an overloaded UV-VIS signal. The inlet pulse of Visscher et al.
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Figure 2.9: Radius of transition from plug flow behaviour to well-mixed behaviour for a gap ratio
of G = 0.017 (open markers) and G = 0.03 (closed markers), as a function of the scaling parameter
(CwRe

−4/5
ω )5/13. The data appears to be reasonably well described by Equation 2.1. A clear

influence of gap ratio is found. Data for G = 0.017 and Reω < 0.45 · 106 is shown in the inset, and
clearly does not follow Equation 2.1.

[9] was best fitted by a two tanks-in-series model, making sure the start and the end
of the fitted signal was equal to their experimental signal. When the fitted signal is
employed as inlet for a single tank with the same residence time as in the experiments
of Visscher et al. [9], an adjusted R2 > 94% match is found with the outlet response
observed by Visscher et al. [9] for the higher gap ratios (e.g. G = 0.0152 and 0.0227).
Therefore it is concluded that the results of Visscher et al. [9] for these gap ratios are
in agreement with the current work, i.e. n = 1. For the results of Visscher et al. [9]
at the lowest gap ratio (G = 0.0076), n > 1 is found for one rotor-stator cavity even
when corrected for the inlet pulse width according to the procedure described above.
This is possibly explained by a segregation of the well-mixed zones above and under
the disc for a sufficiently low gap ratio. It should be noted that broadening of the
outlet signal due to an imperfect inlet pulse has little influence on the obtained plug
flow residence time, τpf .

The values for rtrans obtained in the current work are expected to be equivalent
to the transitional radii reported in literature for both centrifugal and centripetal
superposed throughflow, see Sections 2.2.2 and 2.4.3. In Figure 2.10, the values for
rtransr

−1
D divided by the scaling parameter (CwRe−4/5

ω )5/13 (Equation 2.1) are shown
as a function of gap ratio. Included Figure 2.10 are values reported in literature for
both centrifugal and centripetal throughflow rates, as well as the results for Vpf of
Visscher et al. [9], interpreted in terms of rtrans. The results of the current work
(Figure 2.10, �), as well as the work of Visscher et al. [9] (Figure 2.10, M), show a
strong influence of gap ratio. Although no results are available following the current
approach for the Batchelor regime (higher G), it appears that the values for rtrans
approach the limiting value predicted by Phadke and Owen [19] (Figure 2.10, - -) as
the values of G approach the transitional value between the torsional Couette and the
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Batchelor regimes [16]. Values reported in literature in the Batchelor regime for both
centrifugal (Figure 2.10, # [21]) and centripetal throughflow (Figure 2.10, M [20] and
♦ [25]) are found to be close to this limiting value. This trend is possibly explained
by the fact that for a Batchelor regime, the boundary layers can develop unhindered,
whereas in the torsional Couette regime the two layers will interfere. Since for the
torsional Couette regime the boundary layer thickness is limited to half the axial gap,
decreasing the axial gap decreases the boundary layer thickness and radial velocity
in both layers. This results in a decreasing value of φω, which in turn explains the
increase in rtrans (Section 2.2.2).
Little information is available in literature for the regime of turbulent merged bound-
ary layers with superposed throughflow (Section 2.2.2). The main numerical simula-
tion has observed no effect of gap ratio on rtrans for both centrifugal (Figure 2.10, ♦
[22]) and centripetal (Figure 2.10, # [22]) throughflow. However, a numerical study
presented earlier [26] indicates that for small gap ratios, rtrans increases with decreas-
ing G (shown as a minimum value in Figure 2.10, �). Obviously the current approach
simplifies the complex hydrodynamics to a very large extent, however, it seems that
the influence of G for torsional Couette flow is not unambiguous and deserves more
careful investigation.

G [-]
0 0.025 0.05 0.075 0.1

r
tr

a
n
s
r

-1 D
·
(|

C
w

| R
e
ω-4

/5
)-5

/1
3  [

-]

0

3

6

9

12

Current work
Visscher et al. [9]
Poncet et al. [21]C

w
>0

Haddadi et al. [22] C
w

>0

Poncet et al. [26] C
w

>0

Poncet et al. [20] C
w

<0

Haddadi et al. [22] C
w

<0

Iacovides et al. [25] C
w

<0

Phadke et al. [19] C
w

>0

Figure 2.10: Values for rtransr
−1
D divided by the scaling parameter (CwRe

−4/5
ω )5/13 as a function

of gap ratio. Results from the current work (�) and results obtained by Visscher et al. [9] (M),
suggest a strong influence of gap ratio on rtrans and appear to approach the limiting value predicted
by Phadke and Owen [19] (- -). Results for the Batchelor regime with centrifugal (# [21]) and
centripetal throughflow (M [20] and ♦ [25]) are found to be close to this limiting value. For torsional
Couette flow no effect of G on rtrans for both centrifugal (Figure 2.10, ♦ [22]) and centripetal (Figure
2.10, # [22]) throughflow has been reported. However, another numerical study indicates an increase
in rtrans with decreasing G (shown as a minimum value, � [26]) for a low gap ratio.

2.5 Conclusion

In the current work an easily applicable engineering model for single phase flow in a
multi-stage rotor-stator spinning disc is presented. Tracer injections were employed



Conclusion 29

to obtain the residence time distribution. Measurements are done for gap ratios of
G = 0.017 and 0.03, rotational Reynolds numbers of Reω = 4.4 · 104 to 2.05 · 106 and
superposed dimensionless throughflow rates of Cw = 127 to 421. The experimentally
obtained residence time distributions are interpreted in terms of plug flow residence
time and a number of equal-sized ideally stirred tanks in series. A single rotor-stator
cavity can be described by regions of radial plug flow at low radial disc positions,
in combination with a single ideally mixed region at high radial positions above and
under the disc (including the volume between the rim of the disc and the shroud).
The allocation of the plug flow and ideally mixed regions is based on detailed hydro-
dynamics studies presented in literature (Section 2.2.2). The values of the radial disc
position where transition between plug flow and ideally mixed regions occurs, rtrans,
are found to decrease with increasing rotational velocity and to increase with increas-
ing superposed throughflow rate. Qualitatively these results are similar to what has
been presented in literature [19, 20, 22]. The values for rtrans are found to increase
for decreasing axial gap. This is in accordance with previous results [9, 20], but con-
tradictory to a detailed numerical study presented earlier [22]. It appears that the
influence of axial gap on the flow structure for low gap ratio rotor-stator systems with
superposed throughflow deserves a more thorough hydrodynamic investigation.
In general it is concluded that the resulting engineering model is an effective simpli-
fication of the complex hydrodynamics of superposed throughflow in a rotor-stator
system. The model can easily be applied to rotor-stator spinning disc reactors in order
to assess reactor performance characteristics. Moreover, the model is expected to be
a valuable tool in scaling-up production capacity of the rs-SDR for single phase reac-
tions. Apart from parallelisation, increasing reactor dimensions (disc radius and axial
gap) is a valid option to increase throughput for production purposes. Results of the
current work indicate that the proposed engineering model can be scaled up with disc
radius and gap ratio, although the number of ideally-stirred tanks per rotor-stator
cavity might increase with decreasing gap ratio and warrants further research.
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Abstract

This Chapter presents single phase fluid-stator heat transfer coefficients for a multi-
stage rotor-stator spinning disc reactor. The overall heat transfer coefficient is ob-
tained by fitting experimentally obtained steady state outlet temperatures to an en-
gineering model for the fluid flow inside the rotor-stator cavities. Heat transfer mea-
surements are done for gap ratios of G = 0.017 and 0.03, rotational Reynolds numbers
of Reω = 0 to 12 · 105 and superposed dimensionless throughflow rates of Cw = 211
to 421. From the overall heat transfer coefficient values for the fluid-stator Nusselt
number Nus are obtained. For all values of Cw and G, Nus increases more than
a factor 4 by increasing Reω from 0 to 1.3 · 105. A throughflow dominated regime
occurs for Reω < 0.2 · 105, where Nus increases with increasing Cw and decreasing
G. For Reω > 0.2 · 105, rotation dominates the heat transfer and no influence of Cw
and G on Nus is observed. The thermal performance of the multi-stage rotor-stator
spinning disc reactor, quantified in the volumetric overall heat transfer coefficient,
increases from UAV −1

R = 0.46 ± 0.2 to 0.93 ± 0.16 MWm−3K−1 by increasing Reω
from 0 to 4.5 · 105. The volumetric overall heat transfer coefficient of the multi-stage
rotor-stator spinning disc reactor is more than a factor 5 higher than in conventional
tubular reactors.
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3.1 Introduction

The rotor-stator spinning disc reactor (rs-SDR) is a novel type of reactor which aims
for intensification of mass transfer limited processes. High rates of gas-liquid [1, 2],
liquid-liquid [3] and liquid-solid [4] mass transfer have been reported. Therefore the
rs-SDR can increase production rates per volume of reactor for many mass trans-
fer limited reactions, including multiphase and heterogeneously catalysed reactions.
However, when highly exo- or endothermic processes are involved, intensification of
the heat transfer rates is equally necessary to accommodate the increased production
rates. This especially holds for exothermic reactions, both single and multiphase,
often encountered in the chemical industry (e.g. hydrogenations, halogenations, ni-
trations). Hot spots, thermal runaway and overheating of the reactor surface are
major concerns when intensifying these reactions [5, 6]. The ability of a reactor to
withdraw the produced heat of reaction through its heat transfer surface is quantified
by the volumetric overall heat transfer coefficient UAV −1

R . To assess the potential
of the rs-SDR as a tool to intensify industrially relevant reactions, it is thus of great
interest to investigate its heat transfer characteristics. The aim of the current work
is therefore to quantify the heat transfer rates in the rs-SDR for a single liquid phase
in the reactor.

The setup used in this work is the multi-stage rotor-stator spinning disc reactor
(MSDR), for which Meeuwse et al. [7] presented gas-liquid mass transfer rates. De
Beer et al. [8] presented an engineering model based on residence time distribution
measurements and rotor-stator hydrodynamics. A single stage of the MSDR consists
of a rotating disc (rotor) enclosed by two stationary discs (stators) and a stationary
cylindrical housing, see Figure 3.1(a). The axial gap between the rotor and stators is
low, typically in the range of millimetres. A high velocity gradient is present between
the rotor and the stators, causing a high shear force to act on the externally applied
fluid flow through the cavity. The high shear force acting on the fluid results in a
large interfacial area and increased turbulence intensity, resulting in the high mass
transfer rates reported previously [1, 2, 3, 4]. Due to the analogy between mass and
heat transfer, it is expected that the transfer of heat between the fluid and the stator
(where heat can be withdrawn or supplied externally) is increased by rotation as well.

Indeed, enhanced convective heat transfer in rotating systems has been reported ex-
tensively in literature for many geometries and conditions [9, 10]. However, no in-
formation is available for fluid-stator heat transfer in an enclosed rotor-stator cavity
with the low aspect ratio (G < 0.03) and externally applied throughflow, as encoun-
tered in the spinning disc reactor. Moreover, all experimental heat transfer data for
rotor-stator systems is obtained using air as fluid, making the translation to liquid
phase heat transfer less reliable. This originates from the fact that the principle drive
for all research on rotor-stator heat transfer so far, is the cooling of turbomachinery
[9].

In Chapter 3 the relevant dimension for the used dimensionless numbers (G = sr−1
D , Reω =

ωr2
Dν

−1, Cw = φν−1r−1
D , Nur = hrrDk

−1 and Nus = hsrDk
−1) is the rotor radius rD.
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This paper presents single liquid phase fluid-stator heat transfer coefficients in an
multi-stage rotor-stator spinning disc reactor as a function of rotational velocity, liquid
flow rate and rotor-stator axial gap. A comparison is made with available literature
and engineering correlations for heat transfer coefficients in rotor-stator systems.
A brief review of heat transfer studies in rotor-stator systems is presented in Section
3.2, followed by a description of the steady state heat transfer model in Section
3.3. The experimental setup, heat transfer measurements and contributions to the
overall energy balance are treated in Section 3.4. In Section 3.5 the fluid-stator heat
transfer coefficients of rotor-stator spinning disc reactor are presented and compared
to literature data.

Figure 3.1: Schematic representation of a single rotor-stator cavity of the multi-stage rotor-stator
spinning disc reactor. It consists of a rotating disc (rotor) enclosed by a cylindrical housing (stator),
as shown in (a). Within the stators cooling channels provide means for indirect heat exchange with
the rotor-stator cavity (see Figure 3.9). Nomenclature of the relevant dimensions used in this work
are shown in (b).

3.2 Heat transfer in rotor-stator cavities

Fluid-stator heat transfer in an enclosed rotor-stator cavity with a low aspect ratio
(G < 0.03) and externally applied throughflow has not been investigated before. Only
information on heat transfer in an enclosed cavity with no throughflow, Figure 3.2(a),
and in open cavities with throughflow, Figure 3.2(b), has been presented.
Nikitenko [11] and Shchukin and Olimpiev [12] present heat transfer data for an
enclosed cavity without externally applied throughflow. Nikitenko [11] presents cor-
relations for both the Nusselt number on the rotor Nur (Figure 3.3, --- ) and the
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Figure 3.2: Schematic representation of (a) an enclosed cavity with no throughflow and (b) an open
cavity with throughflow. The case of centrifugal throughflow is indicated in (b), for centripetal
throughflow the fluid stream is in reversed direction.

stator Nus (Figure 3.3, - -) as a function of Reω, independent of G for 0.018 ≤ G
≤ 0.085. The presented values of Nus are 12% lower than the well-established values
for a rotating disc in quiescent air (the free disc) in the turbulent regime [13] (Figure
3.3, - ·), while values of Nur are 9% higher than the free disc case. The values of
Nur presented by Shchukin and Olimpiev for G = 0.065 are approximately equal to
the turbulent free disc values (Figure 3.3, - -). In the turbulent regime Nikitenko [11]
and Shchukin and Olimpiev [12] find Nur,s ∝ Reω

0.8. In the transition from laminar
to turbulent (roughly between Reω = 105−106), Shchukin and Olimpiev [12] observe
Nus ∝ Reω

1.06.
Rotor-stator heat transfer with externally applied throughflow has mainly been stud-
ied in open cavities, shown schematically in Figure 3.2(b).
Owen et al. [16] investigated an open rotor-stator system with centrifugal imposed
throughflow. They present values for both Nur and Nus, for Reω = 2 · 105− 40 · 105,
G = 0.0067 − 0.18 and a dimensionless externally applied throughflowi Cw = 1.4 ·
104 − 10 · 104. For both Nur and Nus the authors observe a throughflow and a
rotation dominated heat transfer regime, depending on the magnitude of the dimen-
sionless parameter Cw/2πGReω. In the throughflow dominated regime (obtained for
Cw/2πGReω > 1.7 [16, 17]), Nur,s increases with increasing Cw and decreasing G,
and is independent of Reω [17, 18]. In the rotation dominated regime, Nur,s increases
with increasing Reω and is independent of Cw and G [16, 17, 19, 20, 21]. Between
the two extremes a region exists where both Cw and Reω influence Nur,s [14, 16, 19].
Data obtained by Pellé and Harmand [14] for low G (≤ 0.04) and low Cw (≤ 1100) is
shown in Figure 3.3 (markers).
Djaoui et al. [22] investigated an open rotor-stator system with centripetal imposed

iCw > 0 is defined as centrifugal imposed throughflow, while Cw < 0 is defined as centripetal
imposed throughflow. In the SDR, where both centrifugal and centripetal throughflow occurs,
Cw > 0 is defined.
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Figure 3.3: Literature values of rotor Nur and stator Nus Nusselt numbers. The correlation for
turbulent heat transfer from a free disc [13] is shown as reference (- ·). For an enclosed cavity
without throughflow correlations obtained for Nur [11, 12] ( --- and - -, respectively) and Nus [11]
(- -) are shown. For an open cavity Nur values for centrifugal throughflow, low G (≤ 0.04) and low
Cw (≤ 1100) [14] is shown (markers), as well as the empirical Nus correlation presented by Poncet
and Schiestel [15] for centripetal throughflow and two values of Cw (- · for Cw = 550 and --- for
Cw = 1100). Please note that these correlations and values for Nur,s are valid for air as a fluid, no
correction with Pr for water as fluid has been applied here.

throughflow for G = 0.08, Reω = 1.44 ·106 and Cw = −1.2 ·104−0. Experiments show
strongly increasing values of Nus for Cw < 0 compared to the case of Cw = 0. For
Cw < 0 a weak increase of Nus with increasing Cw is observed. This is similar to the
behaviour of centrifugal imposed throughflow [14]. Poncet and Schiestel [15] present
a numerical model for turbulent heat transfer in rotor-stator cavities with imposed
throughflow, yielding a correlation for Nus (Figure 3.3, - · for Cw = 550 and --- for
Cw = 1100), representing the experimental data of Djaoui et al. [22]. From Figure
3.3 it is clear that the correlation for Nus presented by Poncet and Schiestel [15] is
relatively close to values of Nur obtained by Pellé and Harmand [14] for centrifugal
throughflow and for low G (≤ 0.04) and Cw (≤ 1100). However, Pellé and Harmand
[14] observe a stronger influence of Cw than Djaoui et al. [22] and Poncet and Schiestel
[15], at similar values of Cw /2πGReω.

Comparing the values of Nur,s obtained for an enclosed cavity to the values obtained
for an open cavity with throughflow (Figure 3.3), it appears that the enclosed cavity
exhibits higher heat transfer coefficients. However, at high throughflow rates (e.g.
Cw > 104) values exceeding the free disc values are obtained [16]. Possibly this is ex-
plained by the employed definition of Nur,s, where a reference temperature is needed
to define a thermal driving force. For the enclosed cavity the temperature inside the
cavity is used [11, 12], whereas for the open cavity usually the inlet temperature of
the fluid is used [14, 16, 22]. At low Cw for open cavities, it is conceivable that the
actual temperature inside the cavity is higher than the inlet temperature of the fluid,
which will lead to underestimated values of Nur,s. Indeed, increasing local Nur,s
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values caused by inflow of fluid at ambient temperature are observed [21, 23, 24]. At
high Cw the cavity temperature will be close to the inlet temperature, making both
definitions equal. In the current work the temperature inside the cavity is used to
define Nus.

Although general consistent trends are observed (e.g. rotation and throughflow dom-
inated heat transfer regimes), quantitatively the heat transfer coefficients in rotor-
stator systems are very sensitive to the applied boundary conditions in terms of ge-
ometry (e.g. an enclosed cavity [11, 12], an open cavity [14, 16], a partially open
cavity [21, 25]) and in terms of throughflow (e.g. no throughflow [21, 23, 24], cen-
tripetal [22] or centrifugal throughflow [14, 16]). Moreover, no heat transfer data of
an enclosed cavity with externally applied throughflow is available. This makes di-
rect application of literature results to determine the thermal performance of the the
rotor-stator spinning disc reactor difficult.

3.3 Modelling approach

A steady state heat transfer model is developed to describe the thermal performance of
the MSDR. Experimentally obtained outlet temperatures on the reactor side, TR,out,
are fitted with non-linear least square regression (matlabr) to this model, with the
overall heat transfer coefficient through the stator Us as single fitting parameter. The
basis for this heat transfer model is a steady state fluid flow model for rotor-stator
cavities with imposed throughflow [8], explained in Section 3.3.1. The heat transfer
model is explained in Section 3.3.2. First the overall energy balances are given, then
the details of the energy contributions included in the model (heat transfer through
the stator, heat transfer through the rotor and the dissipational energy) are explained.

3.3.1 Rotor-stator fluid flow model

The steady state fluid flow model applied in the current work, as shown in Fig-
ure 3.4(a), is described by regions of radial plug flow at low radial disc positions
in combination with a single ideally mixed region at high radial positions [8]. This
model is based on hydrodynamics within rotor-stator cavities with externally applied
throughflow, where two regimes are observed depending on the radial position. At
low radial positions a throughflow-dominated regime is observed for both centrifugal
and centripetal throughflow [26, 27, 28]. In this regime the radial velocity is purely
centrifugal or centripetal (depending on the direction of the imposed throughflow);
no radial backmixing occurs. In the tangential and axial direction the fluid is well
mixed, due to the high tangential velocity and turbulent nature of the flow [27]. For
these reasons, in the hydrodynamic model used in the current work the fluid at low
radial positions is assumed to be radially in plug flow. This region of radial plug flow
is modelled as one hundred continuous ideally stirred-tank reactors in series, as an-
nular cylinders with evenly distributed radii from rs,i to rtrans. This is schematically
depicted in Figure 3.6(b).
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Figure 3.4: Schematic representation of a single rotor-stator cavity with: (a) the rotor-stator fluid
flow model [8] used in the current work as a basis for the heat transfer model, and (b) the assumed
heat transfer resistances in series from reactor fluid, through the stator wall to the channel fluid.

At high radial positions a rotation governed regime is observed, for centripetal as
well as for centrifugal throughflow. In this regime a boundary layer with a centrifugal
radial velocity forms on the rotor, while on the stator a boundary layer with centripetal
radial velocity forms [27]. Due to the high radial velocities associated with these
boundary layers [9], a high degree of radial recirculation is present. Therefore the
fluid is assumed to be ideally mixed at high radial positions in the fluid flow model.
This well-stirred region is modelled as one continuous ideally stirred-tank, depicted
schematically in Figure 3.6(a).

The radial position at which the transition between the throughflow and rotation
dominated regimes occurs, rtrans, is correlatedii according to [8]:

rtrans
rD

=
(

1
c

Cw

Reω
4/5

) 5
13

(3.1)

with (Figure 3.5):

c = 8.4 · 10−4e146.6G G < 0.038 (3.2)
c = 0.219 G ≥ 0.038 (3.3)

In the case of rtrans/rD > 1 the rotor-stator gap is entirely throughflow-dominated.
The transition of c from Equation 3.2 to the constant value of c = 0.219 is assumed to

iiIt should be noted that for G = 0.017 and Reω < 4.5 ·105, Equation 3.1 is not valid [8]. Therefore
in the current work the experimentally obtained values of rtrans are used for G = 0.017.
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occur at G = 0.038. In the fluid flow model rtrans is assumed to be a discrete position
on the disc which determines the respective sizes of the plug flow and ideally mixed
regions. This is a simplification since simulations show the transition is expected to
be continuous [27], instead of at a discrete position.
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Figure 3.5: Dependency of proportionality constant c, from Equation 3.1, on the gap ratio G. Ex-
perimental data is shown for G < 0.039 from De Beer et al. [8] (�) and Visscher et al. [29] (M),
and fitted with Equation 3.2 (- -). Data obtained from Poncet et al. [26] (#) and Iacovides and
Theofanopoulos [30] (♦) is shown. The constant value of c = 0.219 for G ≥ 0.039 [31] is shown as ---
.

3.3.2 Rotor-stator heat transfer model

The heat transfer model consists of steady state energy balances for each separate
ideally stirred-tank of the fluid flow model (schematically depicted in Figure 3.6).
The energy balance for each tank is given by:

d

dt
(ρLVkHk) = ρLcp,Lφ

R
L (TR,k − TR,k−1)− UsAk (TR,k − Tch,n) + ...

− UrAk (TR,k − TR,m) + Edr,k

= 0

(3.4)

Steady state was approached by solving Equation 3.4 for each separate tank over a
long time span (t/τm > 1000) using the matlabr ODE15s solver routine.

Heat transfer through the stator

The overall heat transfer coefficient from reactor to stator cooling channel side is
defined according to Equation 3.5:
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Figure 3.6: Schematic representation of the steady state balances for (a) the stirred region and (b)
the plug flow region, as used in the steady state heat transfer model. Vk is one of the ideally stirred
tanks of fluid flow model, Vm is the ideally stirred tank directly opposite tank Vk on the other side
of the rotor.

Us =
(

1
hs

+ δs
ks

+ 1
hch

)−1
(3.5)

Three steady state resistances to heat transfer in series are assumed, which is schemat-
ically shown in Figure 3.4(b). The heat transfer in the plug flow and well-stirred
regions can not be distinguished in the set-up, therefore an equal Us is assumed for
both regions. Pellé and Harmand [14] show that for a small gap ratio (G = 0.01), hr
is not a strong function of radius, which makes this simplification seems reasonable.
It should be noted however that the applicability of heat transfer studies in open
cavities to the current work is questionable (see Section 3.2).

For the plug flow region the heat transfer area of each tank Ak is considered to be an
annulus on the stator Ak = π

(
r2
k+1 − r2

k

)
. The heat transfer area of the well-stirred

region is considered to be the two annuli on the stator walls Ak = 2π
(
r2
s,o − r2

trans

)
.

This is schematically shown in Figure 3.6.

The overall temperature difference across the stator is given by TR,k − Tch. Due to
the complex geometry of the meandering channels inside the stator (see Figure 3.9),
the temperature on the channel side Tch is assumed to be the arithmetic average
of the experimentally determined inlet and outlet temperatures of each stage. This
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simplification is justified by the different flow directions on the reactor and channel
sides, see Figure 3.7. The fluid on the reactor side flows radially in- or outwards and
is assumed to be perfectly mixed in the tangential direction, see Section 3.3.1. The
fluid on the channel side however, flows from −rs,o to +rs,o. Therefore, due to the
rotational velocity the effective Tch for each reactor side tank is the arithmetic average
of the inlet and outlet temperatures of each stage. Moreover, since the increase of Tch
per stage is small compared to the increase of TR per stage (φRL/φchL = 0.22 − 0.43),
using the arithmetic average Tch is not likely to introduce large errors.

Figure 3.7: Channel side temperature Tch is assumed to be the arithmetic average of the inlet and
outlet temperatures (Tch,in and Tch,out) of each stage. This is justified by the assumption that the
fluid on the reactor side can be modelled as annular tanks-in-series; due to the high tangential velocity
no temperature gradient is present in the tangential direction, only in the radial direction. Since the
fluid on the channel side flows from −rs,o to +rs,o, the rotation causes the effective temperature
Tch to be the arithmetic average Tch,av .

Heat transfer through the rotor

The heat transfer through the disc can not be distinguished from the heat transfer
through the stator in the current set-up. Therefore the heat transfer through the disc
is assumed to be described by an equal U as for heat transfer through the stator, i.e.
Ur = Us. Assuming the heat transfer through the disc to be ±50% of Us led to a
maximum deviation of 6% of the fitted value for Us. Nikitenko [11] shows Nur to
be approximately 18% higher than Nus. Therefore this simplification is not likely to
introduce large errors in the obtained values for Us. The overall temperature difference
across the disc is given by Tk − Tm, with Tm being the steady state temperature of
the tank opposite of tank Vk, on the other side of the disc, see Figure 3.6.

Rotational energy dissipation

Heat production due to dissipation within the rotor-stator cavity is taken into account
by using the experimentally determined values as a function of Reω and G. The radial
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profile of energy dissipation is assumed to be [32]:

Edr,loc ∝ r
11
4 (3.6)

The total dissipational energy is thus allocated part-wise to each model tank, corre-
sponding to its radial position. The dissipational energy for each tank is determined
according to:

Edr,k =
∫ rk+1

rk

Edr,locr dr =
∫ rk+1

rk

αr
11
4 r dr (3.7)

For the ideally stirred region, the total dissipational energy is given by 2Edr,k, as
shown in Figure 3.6. The proportionality constant α is determined from the experi-
mental values of Edr according to:

Edr =
∫ rD

rr,i

αr
15
4 dr (3.8)

3.4 Experimental

3.4.1 Experimental setup

The multi-stage spinning disc reactor employed in the current work is shown schemat-
ically in Figure 3.8, while Figure 3.1(b) shows the definition of relevant dimensions.
The reactor (316L stainless steel) consists of three rotors attached to a central shaft
(radius rr,i = 17 · 10−3 m). The shaft is driven by a SEW Eurodrive CFM71M,
reaching rotational velocities up to ω = 470 rad s−1. The outer radius of the rotors is
rD = 66 · 10−3 m , the radius of the cylindrical housing is rs,o = 76 · 10−3 m, leaving
a radial distance of ∆rs = 10 · 10−3 m between rotor and reactor wall. The height
of a stage is 8 · 10−3 m, the thickness of the discs is δr = 4 · 10−3 m or 5.8 · 10−3 m.
The axial gap between rotor and stator is thus variable to s = 2 · 10−3 m or 1.1 · 10−3

m, respectively. The reactor volume per stage is VR = 63 · 10−6 m3 for s = 1.1 · 10−3

m and VR = 89 · 10−6 m3 for s = 2 · 10−3 m. Liquid (demineralised water) was
injected at the top of the reactor into the rotor-stator cavity and withdrawn from
the bottom. The liquid was fed from (and recycled back into) a 2 · 10−3 m3 stirred,
jacketed vessel. The stirred vessel was heated (Lauda Ecoline RE310, ±0.01°C) to
produce a preheated liquid feed. The liquid volumetric flow rate was controlled by
a coriolis mass flow controller (Bronkhorst Cori-Flow M55), up to φRL = 27.9 · 10−6

m3s−1.
Inside the stators, rectangular meandering channels, shown in Figure 3.9 (width 16 ·
10−3 m, height 4 · 10−3 m), provide means for heat exchange with the rotor-stator
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Figure 3.8: Schematic representation of the 3-stage rotor-stator spinning disc reactor. Three rotors
(with a radius of rD = 66 ·10−3 m) are attached to the shaft (maximum rotational speed of ω = 470
rad s−1). The axial gap between the rotor and the stators is variable to s = 1.1 · 10−3 m or 2 · 10−3

m. Preheated liquid (demineralised water) is fed to the top of the reactor and withdrawn from the
bottom. Cooling liquid (demineralised water) is fed to the bottom stator and withdrawn from the
top stator. Fluid temperatures are measured at the reactor in- and outlet and at the stator channel
inlet, outlet and between each stage.

cavities. The total heat transfer area per stage (one rotor-stator cavity) is A = 0.0343
m2. The stator walls have a width of δs = 5 · 10−3 m, with a thermal conductivity of
ks = 16 Wm−2K−1 [33]. Cooled liquid (demineralised water) was fed to the bottom
stator, and withdrawn from the top stator. The liquid was cooled using a Lauda
WK 1200 circulation chiller (±0.5 K), the volumetric flow rate was controlled by a
Rheonik RHM 04 coriolis mass flow controller, up to φchL = 65 · 10−6 m3s−1. The
reactor and all lines were insulated using double layers of HT/Armaflex insulation.
Fluid temperatures were measured using platinum resistive temperature detectors
(PT100, T ± 0.3 K). Measurements were done at the in- and outlets of both reactor
and stator channel sides, in between each stage at the stator channel side and outside
the reactor to monitor the environment temperature.
Gauge pressures were measured (Sensor Technics 26PC pressure sensors, P ±250 Pa)
at the in- and outlets of both the reactor and the stator channel side.
The total torque is proportional to the current applied to the motor, which was
measured. The internal friction of the motor was subtracted from the total torque,
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Figure 3.9: Impression of the stator channel side geometry. The channels have a height of 4 · 10−3

m and an average width of 16 · 10−3 m. Cooling fluid flows from −rs,o to +rs,o.

to obtain the net torque on the rotors.

3.4.2 Heat transfer measurements

The heat transfer rates in this study, qT , were determined from overall steady state en-
ergy balances over both reactor and stator channel sides. The reactor side volumetric
flow rate ranged between φRL = 13.9 ·10−6 and 27.9 ·10−6 m3s−1 (±0.08 ·10−6 m3s−1),
corresponding to superposed dimensionless throughflow rates of Cw = 211 to 421. The
reactor side inlet temperature TR,in ranged between 30 and 55°C. The stator channel
side volumetric flow rate was kept constant at φchL = 65 · 10−6 m3s−1 (±0.2 · 10−6

m3s−1). The stator channel side inlet temperature Tch,in was kept constant at 21°C,
close to the environment temperature to minimise heat loss. The rotational velocity
ω ranged between 0 and 270 rad s−1 (±0.05 rad s−1), corresponding to rotational
Reynolds numbers of Reω = 0 to 11.8 · 105. Two axial gaps between rotor and stator
were investigated: s = 1.1 · 10−3 and 2 · 10−3 m, corresponding to gap ratios of G
= 0.0167 and 0.03, respectively. Measurements with a fluid temperature difference
between TR,out and Tch,in of less than ∆T = 1 K were discarded to minimise the
influence of temperature measurement uncertainty (T ± 0.3 K). This limited Cw to a
minimum of 211 at a constant φchL . The heat transfer rates qT ranged between 320
and 1172 W.

The overall steady state energy balance is shown in Equation 3.9. Included contribu-
tions are: heat production due to the pressure drop on the reactor side ERdp and the
stator channel side Echdp , heat produced by the rotational motion of the discs Edr, and
the heat loss to the environment Eloss. The contributions are discussed separately
below. By taking into account all contributions it was found that the energy balance
was closed normally distributed within 5% of qT for all measurements.
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d

dt
(ρLV H) = ρLcp,Lφ

R
L (TR,in − TR,out)− ρLcp,LφchL (Tch,out − Tch,in) + ...

+ 3ERdp + 3Echdp − Eloss + 3Edr
= 0

(3.9)

Pressure drop

Heat production due to pressure drop follows directly from the Bernoulli equation
[34]:

Edp = φL∆P (3.10)

∆P per rotor-stator stage as a function of Reω, Cw and G was correlated by Equation
3.11, within 10% deviation. The experimental and model values of ∆P are shown
per rotor-stator stage in Figure 3.10aiii. The influence of Reω, Cw and G on ∆P is
qualitatively in accordance with pressure measurements in literature [35, 26, 36].

∆P = 5.5G−0.2Cw + 1.9 · 10−6G−0.6CwReω (3.11)

3ERdp was maximum 1.3 W at Cw = 421 and Reω = 11.8 · 105, 0.41% of the lowest
qT . At the stator channel side 3∆P = 3.2 · 105 Pa for φchL = 65 · 10−6 m3s−1. 3Echdp is
thus 21 W, 6.6% of the lowest qT .

Heat loss to environment

Heat loss to the environment was quantified by a steady state energy balance over
the reactor side (Equation 3.12):

Eloss = ρLcp,Lφ
R
L (TR,in − TR,out) + 3ERdp (3.12)

TR,in ranged between 30 and 55°C, while having φchL = 0 and Reω = 0. Eloss was
linear with TR − Tambient and was 4 W at TR,in = 30°C and 18.5 W at TR,in = 55°C.
The maximum heat loss was less than 5.8% of the lowest qT .

iiiThe presented values are equal to results of Meeuwse et al. [7], who presented values of ∆P as a
function of Reω for Cw = 421 and G = 0.017.
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Figure 3.10: (a) Experimental values of the pressure drop versus the correlated values of Equation
3.11, for Cw = 421 (�), Cw = 295 (M), Cw = 211 (#) for G = 0.017 (open markers) and G = 0.03
(filled markers). The values of ∆P are shown per rotor-stator stage. Deviations from Equation 3.11
are within 10%. (b) Experimentally obtained rates of energy dissipation versus the correlated values
of Equation 3.15, for a gap ratio of G = 0.017 (�) and G = 0.03 (M). The values of Edr are shown
per rotor-stator stage. Deviations from Equation 3.15 are within 10%, except for Edr < 10 W, where
relative deviations are maximum 40%.

Rotational energy dissipation

The energy dissipated by the rotational motion of the discs, Edr, was quantified
directly by a steady state energy balance over the reactor side (Equation 3.13) as well
as indirectly by the torque (Equation 3.14). For the energy balance, TR,in was kept
constant at 20°C, while φchL = 0 m3s−1. The values of Edr obtained by Equation
3.14 were approximately 15% lower than the values obtained by Equation 3.14. In
the current work the values obtained by Equation 3.13 were used, because the energy
balance is a direct method and therefore expected to be more reliableiv. 3Edr was
220 W at ω = 270 rad s−1, 70% of the lowest qT .

Edr =
ρLcp,Lφ

R
L (TR,out − TR,in) + Eloss − 3ERdp

3 (3.13)

Edr = ωτ

3 (3.14)

ivIt should be noted that the values of Edr presented previously by Meeuwse et al. [7] in the same
set-up are a factor 2.4 too high, due to an error made in translation from current to torque in
the driving motor. With this factor taken into account, the values obtained by Equation 3.14 in
the current work are equal to the values obtained by Meeuwse et al.
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Edr per rotor-stator stage as function of G and Reω was correlated by Equation 3.15,
within 10% deviation (except for Edr < 10 W, where relative deviations are maximum
40%).

Edr = 5.73 · 10−12G−0.14Reω
2.12 (3.15)

The experimental and model values of Edr are shown per rotor-stator stage in Figure
3.10b. No influence of Cw was observed. The values of Edr obtained in the current
work are approximately 30% higher than the correlation proposed by Daily and Nece
[32] for the regime of merged, turbulent boundary layers in an isolated cavity. This is
possibly explained by the fact that Daily and Nece [32] employed an isolated cavity
(i.e. Cw = 0), while in the current work an externally applied throughflow is always
present. In the current work Edr ∝ Reω

2.12, while Daily and Nece [32] report Edr ∝
Reω

2.75. The observed Edr ∝ G−0.14 is close to the findings of Daily and Nece [32].

3.5 Results and discussion

3.5.1 Overall heat transfer

The values for the overall heat transfer coefficient are obtained by fitting the steady
state outlet temperature on the reactor side to the steady state heat transfer model
presented in Section 3.3. The resulting values are depicted in Figures 3.11a and 3.11b
for a gap ratio of G = 0.017 and 0.03 respectively, as a function of Reω and Cw.
The standard deviation of the obtained values of Us (indicated graphically by the
errorbars in Figures 3.11a and 3.11b) is less than 8%. For both gap ratios, and all
values of Cw, Us increases with rotational velocity, up to Us = 1990 Wm−2K−1 at
Reω = 4.5 · 105. For Reω ≥ 4.5 · 105, Us is approximately constant with increasing
rotational velocity. This is explained by considering the definition of Us according to
Equation 3.5. Increasing Reω increases the convective heat transfer coefficient on the
rotor-stator side [9], up to the point where h−1

s is negligible in Equation 3.5. Therefore
the constant value of Us is interpreted as the combined resistances to heat transfer of
conduction through the stator wall, δsk−1

s , and convection inside the stator channels,
h−1
ch , both of which are by definition not influenced by Reω. With δsk

−1
s known (see

Section 3.4.1), the experimental value of hch = 5260 Wm−2K−1 is determined. This
is in relatively good agreement with an estimation using the Gnielinski correlation
for forced convection of turbulent tube flow [37], from which a value of hch = 4940
Wm−2K−1 is obtainedv.

vIn this estimation the hydraulic diameter of the stator channels is used as characteristic length
scale and the correlation presented by Petukhov [38] is used to estimate the Darcy friction factor.



Results and discussion 49

0 4 8 12

x 10
5

0

800

1600

1990

2400

Reω [−]

U
s [W

m
−

2 K
−

1 ]

G = 0.017

0 1.5

800

2000

(a)

0 4 8 12

x 10
5

0

800

1600

1990

2400

Reω [−]

U
s [W

m
−

2 K
−

1 ]

G = 0.03

0 1.5

600

2000

(b)

Figure 3.11: Experimentally obtained overall heat transfer coefficients as a function of rotational
Reynolds number Reω for Cw = 421 (�), Cw = 295 (M), Cw = 211 (#) for a gap ratio of (a)
G = 0.017 and (b) G = 0.03. The inset shows Us for Reω = 0 to 1.5 · 105 in more detail.

3.5.2 Fluid-stator heat transfer coefficient

The dimensionless fluid-stator heat transfer coefficient, Nus = hsrDk
−1
L , is shown in

Figure 3.12 as a function of Reω for Cw = 295 and G = 0.017 (�) and G = 0.03 (M).
Values for Nus are determined from Equation 3.5 and the experimentally determined
value of hch = 5260 Wm−2s−1. The standard deviation of the obtained values of Nus
(indicated by the errorbars in Figures 3.12 and 3.13) is less than 5%. Values of Nus
above Reω = 1.3 ·105 are deemed unreliable, since for Reω > 1.3 ·105 the value for Us
approaches the constant value of Us = 1990 Wm−2s−1, see Figures 3.11a and 3.11b.

Within the range of Reω investigated in the current work, two different heat transfer
regimes can be observed from the influence of Cw, G and Reω on Nus. A throughflow
dominated regime occurs for Reω < 0.2 · 105, while a rotation dominated regime is
observed for Reω > 0.2 · 105. The observation of two heat transfer regimes is in
accordance with literature [16, 19].

For Reω < 0.2 · 105 an increasing Nus is observed with increasing Cw and decreasing
G, as shown in Figure 3.13 (� and M) for Reω = 0. Nus for Reω = 0 is correlatedvi

according to Equation 3.16, shown in Figure 3.13 (- -).

Nus = 0.039
G

Cw
0.83 (3.16)

viIt should be noted that due to the limited amount of data available for Nus at Reω = 0, Equation
3.16 merely indicates the observed trends and should not be used as predictive correlation.
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Figure 3.12: Fluid-stator Nusselt numbers as function of Reω for Cw = 295 and G = 0.017 (�) and
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transfer in an open cavity with throughflow is shown for Cw = 295 (- ·). All literature data has been
corrected for water as a fluid (using (Prair/Prwater)0.6 [9]) to enable comparison with the current
work.

In this case of low rotational velocity the fluid flow in the rotor-stator cavity can be
regarded as laminar flow (throughflow Reynolds Reφ = 250 maximum) between two
flat plates, for which the heat diffusion length is half the axial gap. Hence Nus ∝ G−1;
the relevant dimension for heat transfer is the axial gap instead of the rotor radius.
The positive influence of throughflow velocity on Nus is possibly explained by an
increasing thermal entrance length with increasing throughflow velocity [34, 39, 40].
Since the heat transfer coefficient in the thermal entrance length is larger than in the
fully developed regime, Nus will increase with increasing Cw. The observed influence
of Cw and G on Nus at Reω < 0.2·105 is qualitatively consistent with results obtained
in the throughflow dominated heat transfer regime [16, 17, 18]. Owen et al. [16] find
Nur ∝ (Cw/G)0.8 for the throughflow dominated regime, which is close to Equation
3.16 considering the limited amount of data available for Nus at Reω = 0.

For rotational velocities larger than Reω = 0.2 · 105 no significant influence of Cw
(Figures 3.11a and 3.11b) and G (Figure 3.12) on Nus is observed. Moreover, Nus
increases approximately linearly with Reω, whereas the dependency for Reω < 0.2·105

is much weaker. This can be explained by the flow structures observed within rotor-
stator cavities for Reω > 0, see Section 3.3.1. In the case of laminar flow between
two flat plates (i.e. Reω = 0) conduction is the main means of axial heat transport,
whereas axial convection is present in the case of Reω > 0. Moreover, at high radial
positions on the disc, where a high degree of radial recirculation is present [8, 27], no
influence of Cw and G is expected. The weak influence of G on Nus is in accordance
with literature [16, 19, 20, 21, 24]. Literature suggests that for 0.01 <G< 0.04, Nus
is relatively insensitive to G. A weak influence of Cw in the rotation dominated
heat transfer regime was previously reported in literature [15, 16, 19, 22]. In the
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Figure 3.13: Fluid-stator Nusselt numbers as function of Cw for Reω = 0 and G = 0.017 (�) and G
= 0.03 (M). Equation 3.16 is shown as - -.

current work no influence of Cw and G is observed above Reω = 0.5 · 105, for which
Cw/2πGReω< 0.08. This is not in agreement with work of Pellé and Harmand [14],
who observe an influence of Cw at similar values of Cw/2πGReω.

For all values of Cw and G, Nus increases more than fourfold by increasing the
rotational Reynolds number from Reω = 0 to 1.3 · 105, up to a value of Nus = 970.
As is shown in Figure 3.12 (- -) the values of Nus obtained in the current work
are close to the correlation presented by Nikitenko [11] for stator heat transfer in
the turbulent regimevii. This is possibly explained by the rotation dominated regime
observed in the current work, where no influence of Cw and G is present. When the
heat transfer is solely determined by Reω, a situation close to the enclosed cavity
without throughflow is obtained. This is similar to results of Owen et al. [16], where
values for Nur in the rotation dominated regime are close to the correlation for Nur
in an enclosed cavity without throughflow [11]. At Reω = 1.3 · 105, Nus approaches
the correlation proposed by Dorfman [13] for free disc heat transfer (i.e. a rotor with
no stator present) in the turbulent flow regime (Figure 3.12 --- ). In literature it is
suggested that at high values of Cw/2πGReω, Nur will asymptotically approach the
free disc value [19, 16]. As mentioned, in the current work it is not possible to obtain
reliable values for Nus above Reω = 1.3 · 105, due to heat transfer limitations of
the setup. Therefore it is not possible to check whether this asymptotic behaviour
occurs in the MSDR. The current values of Nus are more than a factor 2 higher than
the empirical correlation of Poncet and Schiestel [15] (Figure 3.12 - ·). Possibly this
is explained by the different reference temperature used to define the heat transfer
coefficient, as explained in Section 3.2.

In the current work Nus reaches turbulent regime levels at relatively low values of
viiSince all literature data on heat transfer in rotor-stator systems is obtained with air as fluid, a

correction has to be made for the use of water in the current work. This is done by multiplying
the results for air with a factor (Prair/Prwater)0.6 [9].
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Reω. In literature usually the onset of transition from laminar to turbulent flow
in rotor-stator systems without throughflow is observed at Reω = 0.8 − 1.5 · 105

[9, 32, 41, 42], whereas in the current work a strong increase of Nus can be observed
at Reω > 0.4 · 105. Indeed, the linear increase of Nus with Reω is in accordance
with the findings of Shchukin and Olimpiev [12] for the transitional regime. This
is possibly explained by an earlier onset of transition for rotor-stator systems with
externally applied throughflow [9, 43, 44]. E.g. Poncet and Chauve [44] report a fully
turbulent flow for Reω > 0.45 · 105 when a centripetal throughflow is superimposed.
This is in good agreement with the current observations.

It should be noted that the current work presents average heat transfer coefficients,
since the heat transfer model assumes equal Us at all radial positions. Therefore,
local influence of Reω, G and Cw on Nus might deviate from the currently presented
trends. It is suggested in literature [14, 22, 45] that the influence of Cw is stronger at
low radial positions, while Reω dominates the heat transfer at high radial positions
(similar to the throughflow and rotation governed regimes observed in hydrodynamic
studies, see Section 3.3.1). When reliable radial dependencies of Nus are known,
this can be easily implemented in the heat transfer model. However, with a single
average Us as obtained in the current work, a sufficiently accurate prediction of the
heat transfer rates can be given for reactor design purposes.

3.5.3 Reactor evaluation

The volumetric overall heat transfer coefficient, UAV −1
R , determines the thermal per-

formance of a chemical reactor, as mentioned in Section 3.1. For the multi-stage
rotor-stator spinning disc reactor, UAV −1

R increases from 0.46 ± 0.2 to 0.93 ± 0.16
MWm−3K−1 with Reω increasing from 0 to 4.5 · 105, which is more than a factor 5
higher than for conventional tubular reactors [46]. The energetic costs of this increase
are low, at Reω = 4.5 · 105 the rate of energy dissipation per stage is Edr = 10 W and
the pressure drop is maximum ∆P = 8500 Pa per stage (with ∆P = 5300 Pa at Reω
= 0). It can thus be concluded that the multi-stage rotor-stator spinning disc reac-
tor allows for intensification of highly exo- or endothermic processes. Furthermore,
UAV −1

R is not a function of Cw at Reω > 0.2 · 105 (Figures 3.11a and 3.11b), which
makes operation at different residence times more feasible.

From Section 3.5.1 it is clear that the heat transfer rates within the MSDR are
limited mainly by conduction through the stator wall and convection in the stator
channels. The fluid-stator heat transfer coefficient increases up to a value of hs = 8800
Wm−2K−1 (corresponding to Nus = 970) at Reω = 1.3 · 105, and is expected to
increase further with increasing Reω [9]. It is therefore expected that alterations in
the reactor design (e.g. thinner stator walls, rotating heat transfer surface instead of
stator cooling channels) allow UAV −1

R to increase even further, although at the cost
of higher rates of energy dissipation and pressure drop.
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3.6 Conclusion

Single phase fluid-stator heat transfer coefficients for a multi-stage rotor-stator spin-
ning disc reactor are presented as a function of gap ratio, rotational Reynolds number
and superposed dimensionless throughflow rates. The experimentally obtained steady
state outlet temperatures are fitted to a heat transfer model to obtain the overall heat
transfer coefficient. The heat transfer model is based on a fluid flow model for rotor-
stator cavities [8].
The fluid-stator Nusselt numbers Nus are obtained from the experimental values of
Us. For all throughflow rates and gap ratios, Nus increases more than a factor 4, up
to Nus = 970 for Reω = 1.3 · 105. In the range of Reω, two heat transfer regimes
are observed, in accordance with literature [16, 19]. A throughflow dominated regime
occurs for Reω < 0.2 · 105, where Nus increases with increasing Cw and decreasing
G [17]. For Reω > 0.2 · 105, rotation dominates the heat transfer and no influence
of Cw and G on Nus is observed. The values of Nus obtained in the current work
are close to the correlation for turbulent heat transfer in an enclosed cavity without
throughflow [11]. This is possibly a consequence of the rotation dominated heat
transfer regime obtained for Reω > 0.2 · 105. It can thus be concluded that the
fluid-stator heat transfer coefficient can be increased by rotation (up to hs = 8800
Wm−2K−1), independent of throughflow velocity and rotor-stator axial gap.
The thermal performance of the MSDR, quantified in the volumetric overall heat
transfer coefficient, increases from UAV −1

R = 0.46 ± 0.2 to 0.93 ± 0.16 MWm−3K−1

by increasing Reω from 0 to 4.5 ·105. This factor 2 increase of thermal performance is
obtained at a low energetic cost; the rate of energy dissipation per stage is Edr = 10
W and the pressure drop is maximum ∆P = 8500 Pa per stage (with ∆P = 5300 Pa
at Reω = 0). With a value of UAV −1

R = 0.93 · 106 Wm−3K−1 the MSDR performs
more than a factor 5 better than conventional tubular reactors [46].
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[10] Harmand, S., Pellé, J., Poncet, S., Shevchuk, I. 2012. Review of fluid flow and
convective heat transfer within rotating disk cavities with impinging jet. Int. J.
Therm. Sci., 2012, 1–30.

[11] Nikitenko, N. 1963. Experimental investigation of heat exchange of a disk and a
screen. J. Eng. Phys., 6, 1–11.

[12] Shchukin, V., Olimpiev, V. 1975. Heat transfer of disc rotating in a housing with
transitional and turbulent boundary layers. Izv. VUZ. Aviatsionnaya Tekhnika,
18 (3), 105–110.

[13] Dorfman, L.A. 1963. Hydrodynamic resistance and heat loss of rotating solids.
Oliver and Boyd, Edinburg.
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Abstract

In this Chapter, a stator-rotor-stator spinning disc reactor is presented, which aims
at intensification of convective heat transfer rates for chemical conversion processes.
Single phase fluid-rotor heat transfer coefficients hr are presented for rotor angular
velocities ω = 0− 157 rad s−1 and volumetric throughflow rates φL = 15− 20 · 10−6

m3s−1. The values of hr are independent of φL and increase from 0.9 kWm−2K−1

at ω = 0 rad s−1 to 34 kWm−2K−1 at ω = 157 rad s−1. This is a factor 2-3 higher
than values achievable in passively enhanced reactor-heat exchangers, due to the 1-2
orders of magnitude larger specific energy input achievable in the stator-rotor-stator
spinning disc reactor. Moreover, since hr is independent of φL, the heat transfer rates
are independent of residence time. Together with the high mass transfer rates reported
for rotor-stator spinning disc reactors, this makes the stator-rotor-stator spinning disc
reactor a promising tool to intensify heat transfer rates for highly exothermic chemical
reactions.
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4.1 Introduction

An important limitation for increasing chemical production rates per volume of re-
actor (i.e. intensification of the process) is the ability of the reactor to remove the
produced heat of reaction. An inhomogeneous temperature distribution often results
in decreasing reaction selectivity due to formation of by-products, and for highly
exothermic reactions it can even lead to thermal runaway and overheating of the re-
actor surface [4, 5, 6, 7]. Therefore, there is great interest in increasing the convective
heat transfer rate of chemical reactors, which is mainly done by application of pas-
sively enhanced heat exchangers for chemical conversion processes [7, 8, 9, 10, 11, 12].
Well established passive heat transfer enhancement techniques include plate heat ex-
changers [13, 14] and plate fin heat exchangers [15, 16]. One of the main difficulties
in applying intensified heat exchangers as chemical reactors is the direct correlation
between throughflow velocity and the convective heat transfer rate. The residence
time required for a reaction can be increased by either increasing the reactor length
(resulting in a higher pressure drop) or by decreasing the throughflow velocity (re-
sulting in a lower heat transfer rate), for which thus an economic optimum must be
found [14, 15, 17, 18]. Active heat transfer intensification of chemical reactors, which
aims to enhance convective heat transfer independently of throughflow velocity, has
received little attention beyond classic stirred tank reactors [3, 19].

The rotor-stator spinning disc technology aims at increasing volumetric production
rates by utilisation of centrifugal forces and high-shear conditions. The technology
is based on two closely spaced (typically 1-10 millimetres) parallel discs, rotating at
different angular velocities (in case ω > 0 rad s−1 the disc is called a rotor, when
ω = 0 rad s−1 the disc is called a stator), with the reaction fluid flowing through the
axial gap between both discs. Due to the high velocity gradient a large shear force is
exerted on the fluid, resulting in high turbulence intensities and large interfacial areas
in the case of multiphase flows. This results in high volumetric rates of gas-liquid [20],
liquid-liquid [21] and liquid-solid [22] mass transfer in the rotor stator spinning disc
reactor (rs-SDR). Fluid-stator heat transfer coefficients have been shown to increase
with increasing angular velocity as well, up to hs = 8.8 kWm−2K−1 at ω = 30 rad s−1

[3]. Moreover, hs is shown to be independent of volumetric throughflow rate for ω > 5
rad s−1. The heat transfer rate is then determined by the angular velocity of the rotor.
The spinning disc technology is therefore a promising way to intensify heat and mass

In Chapter 4 dimensionless numbers are used to describe the fluid flow inside the rotor-stator
cavities, as well as to compare the obtained heat transfer coefficients with literature data. For
the fluid flow the characteristic dimensions are rD for the exterior cavity and rint

s,o for the interior
cavity. Dimensionless numbers pertaining to fluid flow in either of the cavities are indicated
by the superscript ext and int, respectively. For heat transfer the relevant dimension is rr,2
since for r > rr,2 the heat transfer is negligible. A more accurate characteristic length would be
obtained by integrating the local heat transfer coefficient over the area relevant to heat transfer,
i.e. rr,1 to rr,2 (e.g. [1, 2]). To perform this integration the radial dependency of the heat
transfer coefficient should be known, which is very sensitive to the applied boundary conditions
[3]. Therefore, in the current work the characteristic length was chosen to be rr,2. Dimensionless
numbers relevant for heat transfer have no superscript. Moreover, dimensionless numbers are
used in the characterisation of tubular and plate heat exchangers. The relevant dimension for
these dimensionless numbers (Re = vdhν

−1 and Nud = hdhk
−1) is the hydraulic diameter dh.
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Figure 4.1: Schematic representation of a single stator-rotor-stator cavity. It consists of a stationary
disc (inner stator) enclosed by a rotating cylindrical housing (rotor), as shown in (a). The rotor
is again enclosed by a stationary cylindrical housing (outer stator). In this way two rotor-stator
cavities are obtained, separated by the common rotor. The axial gap between the rotor and the
stators is low, typically in the range of millimetres. Nomenclature of the relevant dimensions used
in this work are shown in (b).

transfer rates, independent of the residence time in the reactor. However, the overall
heat transfer performance of the rs-SDR (where the fluid inside the rotor-stator cavity
was cooled using channels embedded in the stator wall) was rather limited, due to heat
transfer resistances presented by conduction through the stator wall and convection
in the stator channels [3].

The stator-rotor-stator spinning disc reactor (srs-SDR) aims to further increase the
convective heat transfer rates for chemical reactions, by enabling heat transfer be-
tween two separate rotor-stator cavities. A single stator-rotor-stator stage consists
of a stationary disc (inner stator) attached to a central shaft, enclosed by a rotating
cylindrical housing (rotor), see Figure 4.1. The rotor is again enclosed by a stationary
cylindrical housing (outer stator). The axial clearance between the rotors and stators
is low (2 millimetres). In this way, two rotor-stator cavities are obtained, separated
by a common rotor. This common rotor acts as heat exchanging area, with fluid-
rotor convective heat transfer on both sides. The srs-SDR thus exerts high shear
forces on both heat exchanging fluids, increasing convective transport of heat in both
rotor-stator cavities.

The current work presents the novel stator-rotor-stator spinning disc reactor and its
heat transfer performance for single phase flow. Fluid-rotor heat transfer coefficients
are determined as a function of angular velocity and volumetric throughflow rate. The
resulting heat transfer coefficients are compared to results for rotor-stator systems
available in literature. Additionally, the energy dissipation rate and the pressure
drop (i.e. the energetic costs of the increased heat transfer rates) are described.
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The (overall) thermal performance of the srs-SDR is compared with tubular reactors,
commonly used in industry, as well as with passively intensified reactor-heat exchanger
concepts.
The steady state heat transfer model employed to obtain the experimental heat trans-
fer coefficients is described in Section 4.2. Section 4.3 describes the experimental setup
and procedure. In Section 4.4 the experimentally obtained heat transfer coefficients
are presented, followed by the rotational energy dissipation rate and the pressure drop
over the reactor. Subsequently, the effectiveness of heat exchange in the srs-SDR is
discussed. An evaluation of the srs-SDR and a comparison with other types of reactors
is made in Section 4.5, conclusions are drawn in Section 4.6.

4.2 Modelling approach

A steady state heat transfer model is employed to describe the fluid flow and heat
transfer in the srs-SDR. Experimentally obtained outlet temperatures are fitted with
non-linear least square regression (matlabr) to this model, with the fluid-rotor heat
transfer coefficient hr as fitting parameter. In the current work the heat transfer
model presented by De Beer et al. [3] for an rs-SDR is applied to the srs-SDR. The
fluid flow model is briefly described in Section 4.2.1, the applied heat transfer model
is presented in Section 4.2.2.

4.2.1 Fluid flow model

The fluid flow inside a rotor-stator cavity is modelled as regions of radial plug flow
at low radial positions in combination with a single ideally mixed region at high
radial positions [23]. This is a simplification of the hydrodynamics within rotor-stator
cavities with externally applied throughflow. The plug flow at low radial positions
represents a throughflow-dominated regime, where the radial velocity is centrifugal or
centripetal over the entire rotor-stator axial gap (depending on the direction of the
imposed throughflow). The ideally mixed region at high radial positions describes the
rotation-dominated regime, where the radial velocity is centrifugal along the rotor and
centripetal along the stator. Details of this fluid flow model can be found in De Beer
et al. [23]. Transition between the plug flow and ideally mixed regions is assumed
to occur at a discrete radial position, rtrans. For fluid flow in the exterior cavity the
relevant dimension is rD and rexttrans is determined from [3, 23]:

rexttrans

rD
=
(

1
c

Cextw

(Reextω )4/5

) 5
13

(4.1)

For the interior cavity the relevant dimension is rints,o and rinttrans is determined from
[3, 23]:

rinttrans

rints,o

=
(

1
c

Cintw

(Reintω )4/5

) 5
13

(4.2)
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The proportionality constant c of Equations 4.1 and 4.2 is defined as [3, 23]:

c = 8.4 · 10−4e146.6G G < 0.038 (4.3)
c = 0.219 G ≥ 0.038 (4.4)

where G = Gext for Equation 4.1 and G = Gint for Equation 4.2, respectively.

The regions of radial plug flow in the exterior and interior cavities are modelled
as forty continuous stirred tank reactors in series, as annular cylinders with evenly
distributed volumes from rr,1 to rexttrans and from rints,i to rinttrans, respectively. The well-
stirred regions at high radial positions are modelled as single ideally-stirred tanks.

4.2.2 Heat transfer model

The heat transfer model consists of energy balances for each separate ideally-stirred
tank defined in the fluid flow model, see Figure 4.2. The energy balance for each tank
in the exterior cavity Vk is given by:

d
dt (ρLVkHk) = ρLcp,Lφ

ext
L (Tk − Tk−1)− UrAr,k (Tk − Tm) + ...

+ UsAs,k (Tn − Tk) + Edr,k

= 0

(4.5)

where Vm is the tank geometrically opposite of Vk on the other side of the rotor and
Vn is the tank opposite of Vk on the other side of the stator. For each tank in the
interior cavity Vm, the energy balance is given by:

d
dt (ρLVmHm) = ρLcp,Lφ

int
L (Tm−1 − Tm) + UrAr,k (Tk − Tm) + ...

− UsAs,m (Tm − Tn) + Edr,m

= 0

(4.6)

where Vk is the tank geometrically opposite of Vm on the other side of the rotor and Vn
is the tank opposite of Vm on the other side of the stator. Steady state is approached
by solving Equations 4.5 and 4.6 for each tank for large t (t/τm > 1000) using the
matlabr ODE15s solver routine.

The overall heat transfer coefficient through the rotor Ur is defined according to:

Ur =
(

1
hr

+ δr
kr

+ 1
hr

)−1
(4.7)
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Figure 4.2: Schematic representation of the steady state heat balances for each separate ideally stirred
tank in the exterior cavity Vk and in the interior cavity Vm, as defined in the fluid flow model. The
plug flow regions at low radial positions are modelled as forty ideally-stirred tank reactors in series,
while the well-stirred region at high radial positions is modelled as a single ideally stirred tank.

in which hr is the actual fitting parameter. Since no radially resolved temperature
measurements are possible in the current setup, hr for the plug flow and well-stirred
regions can not be determined independently. Therefore an equal value for hr is
assumed in both regions. The overall heat transfer coefficient through the stator Us
is defined as:

Us =
(

1
hs

+ δs
ks

+ 1
hs

)−1
(4.8)

with: [3, 24]



Experimental 63

hsrr,2
kL

= 0.0178Re
4
5
ω

(
Prwater
Prair

) 3
5

(4.9)

The rotor heat transfer area of Vk and Vm is Ar,k = Ar,m = π
(
r2
k+1 − r2

k

)
, with rr,1 <

rk < rr,2. The stator heat transfer area of Vk and Vm is As,k = As,m = π
(
r2
k+1 − r2

k

)
,

with rexts,i < rk < rexts,o for the exterior cavity and rints,i < rk < rints,o for the interior
cavity.
The energy dissipation rate for Vk and Vm is determined by:

Edr,j =
∫ rj

rj−1

Edr,locr dr =
∫ rj

rj−1

αr
11
4 r dr j = k,m (4.10)

where the local energy dissipation rate Edr,loc is assumed to be proportional to r 11
4

[25]. The proportionality constant α is obtained from experimental values of Edr, see
Section 4.3.2:

Edr = 2
(∫ rints,o

rr,i

αr
15
4 dr +

∫ rD

rext
s,i

αr
15
4 dr

)
(4.11)

The rate of energy loss towards the environment and the rates of energy production
due to liquid pressure drop over the interior and exterior cavities are neglected in the
model, see Section 4.3.2

4.3 Experimental

4.3.1 Experimental setup

Figure 4.3 shows a schematic representation of the srs-SDR. The reactor (316L steel)
consists of three stator-rotor-stator stages and a rotating conical gas-liquid separator.
A single stator-rotor-stator stage exists of a stationary disc (the inner stator) attached
to a central shaft, enclosed by a rotating cylindrical housing (the rotor) which is in
turn again enclosed by a stationary cylindrical housing (the outer stator). The rotor
is driven by a SEW Eurodrive CFM71M. The maximum angular velocity of 209 rad
s−1 is determined by the applied dynamic lip seals of the reactor. Directly attached to
the rotor is the gas-liquid separator, with separate outlets for both phases. Since the
scope of the current work was limited to a single liquid phase, the gas-liquid separator
was not utilised and only a single outlet was used.
The outer radius of the rotor is rD = 71 · 10−3 m. The axial gap between the rotor
and both stators is s = 2 · 10−3 m, the radial gap is ∆rs = 2 · 10−3 m on both sides of
the rotor. The reactor volume per stage is V intR = 48.0 ·10−6 m3 for the interior rotor-
stator cavity and V extR = 65.8 · 10−6 m3 for the exterior cavity. The rotor thickness is
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Figure 4.3: Schematic representation of the stator-rotor-stator spinning disc reactor. It consists of
three separate stator-rotor-stator stages and a rotating conical gas-liquid separator. Since the scope
of the current work is limited to a single liquid phase, the gas-liquid separator is not employed as
such. The maximum angular velocity ω = 209 rad s−1. The outer rotor radius rD = 71 · 10−3 m.
The axial clearance between the rotor and both stators s = 2 · 10−3 m. Preheated liquid (water)
is fed to the top of the exterior cavity and withdrawn at the bottom. Cooled liquid (water) is fed
at the bottom of the interior cavity and withdrawn at the top. The heat exchanging liquids thus
flow in countercurrent mode through the reactor. Fluid temperatures were measured at the in- and
outlets of both reactor cavities, as well as directly at the exit of the bottom exterior cavity. Gauge
pressures were measured at the in- and outlets of both cavities. The total current to the motor was
monitored to determine the torque exerted on the rotor.
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δr = 1 · 10−3 m (between rr,1 = 28 · 10−3 m and rr,2 = 60.5 · 10−3 m), with a thermal
conductivity of kr = 16 Wm−1K−1 [26]. The thickness of the rotor between rr,i and
rr,1 and between rr,2 to rD is 10.5 · 10−3 m. Therefore the effective heat transfer area
per stage is A = 2π(r2

r,2 − r2
r,1) = 0.018 m2. The thickness of both the inner and

outer stators is δs = 4 · 10−3 m, with ks = 16 Wm−1K−1 [26]. The radius of the inner
stator is rints,o = 58.5 · 10−3 m.

Liquid (demineralised water) was fed to the top of the exterior cavity and withdrawn
at the bottom. The liquid was fed from a 10 · 10−3 m3 vessel, where it was preheated
via internal coils (Lauda ECO RE 630, ±0.02 K). The liquid volumetric flow rate was
controlled by a coriolis mass flow controller (Rheonik RHM 04), up to φextL = 25 ·10−6

m3s−1. Liquid (demineralised water) was fed at the bottom of the interior cavity
and withdrawn at the top of the cavity; the liquid in the interior cavity flowed in
countercurrent mode with respect to the liquid in the exterior cavity. The liquid
was fed from a 10 · 10−3 m3 vessel, where it was cooled via internal coils (Lauda
WKL4600, ±0.5 K). The liquid volumetric flow rate was controlled by a coriolis mass
flow controller (Bronkhorst Cori-Flow M55), up to φintL = 25 · 10−6 m3s−1. The
reactor was completely enclosed by a stainless steel casing lined with double layers of
HT/Armaflex insulation.

Fluid temperatures were measured using platinum resistive temperature detectors
(PT100 1/10 DIN, ±0.06°C). Temperatures were measured at the bottom and outlet
of the interior cavity (T intx and T intout , respectively), the inlet and bottom of the exterior
cavity (T extin and T extx , respectively), at the outlet of the exterior cavity (T extout ) and
outside the reactor to monitor the temperature of the environment. In order to
obtain T intin (the inlet temperature of the interior cavity) an energy balance over the
concentric tubes at the bottom of the reactor is used:

d
dt (ρLV H) = ρLcp,Lφ

ext
L

(
T extout − T extx

)
+ ...

− ρLcp,LφintL
(
T intin − T intx

)
= 0

(4.12)

Gauge pressures were measured (Huba Control relative pressure transmitter type 520,
±600 Pa) at the in- and outlets of both the interior and exterior rotor-stator cavities.
The pressure difference over the interior and exterior cavities was corrected for the
hydrostatic pressure (ρg∆xint = −5.3 · 103 Pa, ρg∆xext = 4.1 · 103 Pa).

4.3.2 Heat transfer measurements

Heat transfer rates, qT , were determined from overall steady state energy balances
over both the interior and exterior cavities of the srs-SDR. The volumetric flow rate
on the exterior cavity side was φextL = 15 · 10−6 and 20 · 10−6 m3s−1 (±0.08 · 10−6

m3s−1), corresponding to superposed dimensionless throughflow rates of Cextw = 211
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and 280, respectively. The exterior side inlet temperature T extin ranged between 40
and 42.5°C. The volumetric flow rate on the interior cavity side was φintL = 15 · 10−6

and 20 · 10−6 m3s−1 (±0.08 · 10−6 m3s−1), corresponding to Cintw = 256 and 341,
respectively. The interior side feed temperature T intx ranged from 23 to 25°C. The
angular velocity ω ranged between 0 and 157 rad s−1 (±0.05 rad s−1), corresponding
to rotational Reynolds numbers of Reextω = 0 to 7.9 · 105 (Reintω = 0 to 5.4 · 105). The
axial gap between the rotor and the stators was kept constant at s= 2 · 10−3 m for
both the exterior and the interior cavities, corresponding to gap ratios of Gext = 0.028
and Gint = 0.034, respectively. The heat transfer rates ranged from qT = 240 to 850
W.

The overall steady state energy balance is shown in Equation 4.13, including the
contributions of heat production due to pressure drop on both the exterior and interior
sides, the heat loss to the environment and the heat produced due to the rotational
motion of the rotor.

d
dt (ρLV H) = ρLcp,Lφ

ext
L

(
T extin − T extout

)
+ ...

− ρLcp,LφintL
(
T intout − T intin

)
+ ...

+ 3Eextdp + 3Eintdp − Eloss + 3Edr
= 0

(4.13)

Equation 4.13 was closed normally distributed within 4% of qT for ω ≥ 10 rad s−1.
For ω ≤ 5 rad s−1 the deviation is at maximum 16% of qT . This is possibly due
to tangential maldistribution at low angular velocities, which results in erroneous
temperature measurements of T extout , since this temperature sensor is located at a
single tangential position at the exit of the exterior cavity. This is supported by the
fact that the deviation is largest for ω = 0 rad s−1.

The rate of energy production due to pressure drop (3Edp = φL3∆P [27]) was at
maximum 0.55 W (at Cextw = 280 and Reextω = 5.3 · 105), which is 0.23% of the
lowest qT . The rate of energy loss to the environment was obtained by keeping
T extin = T intx = 45°C, ω = 0 rad s−1 and measuring T extx and T intout . The value of Eloss
is obtained by:

Eloss = ρLcp,Lφ
ext
L

(
T extin − T extx

)
+ ρLcp,Lφ

int
L

(
T intx − T intout

)
+ ...

+ 3Eextdp + 3Eintdp

= 0
(4.14)

The value of Eloss was maximum 9 W, which is 3.8% of the lowest qT .

The rotational energy dissipation rate per stage was calculated using the torque ex-
erted on the rotor, Equation 4.15.
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Edr = ωτ
3 = ω(I−I0)τcIc

3 (4.15)

Values of τ were obtained by measuring the current I supplied to the motor, from
which the internal current losses of the motor I0 were subtracted, and multiplying it
by motor characteristics τc = 0.98 NmA−1 and Ic = 4 A. It should be noted that the
values of Edr are corrected for the idle energy uptake of the motor, but not for the
idle energy uptake of the reactor (e.g. due to dynamic seals), which strictly make Edr
specific for the current setup. However, since the overall energy balance was closed
within 4% of qT , it was concluded that the values of Edr are close to the energy
actually dissipated into the liquid. The rotational dissipation rate is maximum 160
W at Reextω = 7.9 · 105 which is maximum 30% of qT .

The effectiveness of heat exchange η was determined from Equation 4.16, defined on
the high temperature stream φextL :

η = qT
qmax

= ρLcp,Lφ
ext
L (T extin −T

ext
out )

ρLcp,LφextL (T extin
−T int

in ) (4.16)

4.4 Results and discussion

4.4.1 Fluid-rotor heat transfer

ω [rad s-1]
0 40 80 120 160

h
r
 [

kW
m

-2
K

-1
]

0

10

20

30

40

φ
L
 = 15·10-6 m3s-1

φ
L
 = 20·10-6 m3s-1

De Beer et al. [17]: h
s

Figure 4.4: Experimentally obtained values of hr as function of ω for φL = 15 · 10−6 (�) and
φL = 20 · 10−6 m3s−1 (M) and values for hs obtained by De Beer et al. [3] (#). The values of hr

are independent of φL and increase with increasing ω, up to hr = 34 kWm−2K−1 at ω = 157 rad
s−1. This is in accordance with the rotation dominated heat transfer regime observed in literature
[28]. For ω > 15 rad s−1, hs is up to 80% larger than hr.
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The values for the fluid-rotor heat transfer coefficients are obtained by fitting the
experimental steady state outlet temperatures (on both exterior and interior cavity
sides) to the steady state heat transfer model described in Section 4.2. The resulting
values are depicted in Figure 4.4 as a function of ω for φextL = φintL = 15 ·10−6 (�) and
20·10−6 m3s−1 (M). The values of hr increase with increasing angular velocity and are
independent of volumetric throughflow rate. This is in accordance with the rotation
dominated heat transfer regime observed in literature [3, 28, 29], where heat transfer
rates are independent of volumetric throughflow rate and rotor-stator distance. The
maximum value of hr is 34 kWm−2K−1 at ω = 157 rad s−1 and φL = 20 ·10−6 m3s−1.
Figure 4.4 also displays the fluid-stator heat transfer coefficients, hs (#), obtained in
a multi-stage rotor-stator spinning disc reactor [3]. The values of hr are qualitatively
similar to the values of hs from [3], however for ω > 15 rad s−1, hs is up to 80%
higher than hr. This difference is discussed further below. Since hr increases, Ur
increases with increasing ω as well. A maximum value of 8.3 kWm−2K−1 is obtained
at ω = 157 rad s−1 and φL = 20 · 10−6 m3s−1. For ω > 120 rad s−1, Ur is mainly
limited by conduction through the rotor δrk−1

r .
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Figure 4.5: Experimentally obtained values of Nur are shown as function of Reω for φL = 15 · 10−6

(�) and φL = 20 ·10−6 m3s−1 (M), as well as values for Nus obtained by De Beer et al. [3] (#). For
Reω < 1.1 · 105, a laminar regime is observed, described by Equation 4.17 (- -), while a turbulent
regime is observed for Reω > 2.3 ·105, described by Equation 4.19 (- ·). The transition between both
regimes for 1.1 ·105 < Reω < 2.3 ·105, is described by Equation 4.18 ( --- ). Transition from laminar to
turbulent occurs at lower Reω for Nus than for Nur, which is in agreement with literature [30, 31].

Figure 4.5 shows the dimensionless fluid-rotor heat transfer coefficient Nur, as a
function of Reω for φL = 15 · 10−6 (�) and 20 · 10−6 m3s−1 (M). For Reω < 1.1 · 105

a laminar regime is observed, which is described by Equation 4.17 (- -, in Figure
4.5). The observed Nulamr ∝ Re

1/2
ω is in accordance with literature [24, 32, 33, 34].

Equation 4.17 is, after correcting for water as a fluid with (Prair/Prwater)1/2 [34],
23% higher than the laminar correlation for a freei disc [33] and 35% lower than for
laminar flow in an enclosedi disc [24]. Given the uncertainty associated with the fluid

iA free disc is a single rotor rotating in a quiescent environment, an enclosed disc consists of a rotor
fully enclosed by a cylindrical stator. In both systems no external throughflow is applied.
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correction factor of Pr1/2 (no experimental validation is present in literature), this is
relatively close.

For Reω > 2.3 · 105 a turbulent regime is observed, described by Equation 4.19
(- ·, in Figure 4.5). The observed Nuturbr ∝ Re

4/5
ω is in accordance with literature

[24, 33, 34, 35]. Equation 4.19 is, with a correction of (Prair/Prwater)3/5 [34], 22%
lower than the turbulent correlation for a free disc [35] and 15% lower than for tur-
bulent flow in an enclosed disc [24]. Again, for the fluid correction factor of Pr3/5 no
experimental validation is present, hence Equation 4.19 is in relatively good agreement
with literature.

In between these two extremes, for 1.1 · 105 < Reω < 2.3 · 105, a transition from
laminar to turbulent flow occurs. This appears to be in agreement with literature,
where the onset of transition from laminar to turbulent flow is usually observed at
Reω = 0.8−1.5 ·105 for rotor-stator systems without externally applied throughflowii

[25, 34, 36, 37]. Quantative information on the dependency of Reω on Nur in the
transitional regime of rotating systems is scarce. For the free disc usually Nutransr ∝
Re2

ω−Re4
ω is observed [38, 39, 40]. For an enclosed disc Nutransr ∝ Re1.06

ω is reported
[41], while for liquid-rotor mass transfer in an rs-SDR a dependency of Re2

ω is reported
[22]. The values of Nutransr in the current work are found to be described by Equation
4.18 ( --- , in Figure 4.5). The observed Nutransr ∝ Re2.14

ω is similar to the liquid-rotor
mass transfer correlation presented by Meeuwse et al. [22].

Nulamr = 1.4Re
1
2
ω Reω < 1.1 · 105 (4.17)

Nutransr = 3.5 · 10−9Re2.14
ω + 267 1.1 · 105 ≤ Reω < 2.3 · 105 (4.18)

Nuturbr = 0.073Re
4
5
ω Reω ≥ 2.3 · 105 (4.19)

Comparing the values of Nur to the values of Nus from [3] (# in Figure 4.5), it can
be seen that in the current work turbulence is obtained at much higher values of Reω.
For Reω < 0.4 ·105 the values of Nur are equal to the values of Nus from [3], but Nur
reaches the turbulent level only for Reω ≥ 2.3 ·105. The values of Nus from [3] are at
a turbulent level already for Reω > 0.4 · 105. Qualitatively, this is in accordance with
literature, where turbulence is observed at lower Reynolds numbers at the stator then
at the rotor [30, 31, 36]. This is argued to be due to the fluid in the rotor boundary
layer being fed from the laminar region close to the shaft (since along the rotor the
radial velocity is centrifugal, see Section 4.2.1), while the fluid in the stator boundary
layer is being fed from the turbulent region at the rim of the rotor (since along the
stator the radial velocity is centripetal) [31].

For engineering purposes it is clear that single phase heat transfer in spinning disc
reactors (both rotor-stator and stator-rotor-stator SDR) is well predicted by Equa-
tions 4.17 and 4.19. For fluid-rotor heat transfer both the laminar and turbulent flow

iiFor rotor-stator systems with externally applied throughflow, no quantitative data on the values
of Reω for which the laminar-turbulent transition occurs is available.
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regimes need to be considered, while for fluid-stator heat transfer the correlation for
Nus for turbulent flow is sufficient in practice [3].

4.4.2 Rotational energy dissipation rate
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Figure 4.6: Experimentally obtained values of Edr as function of Reext
ω for φL = 15 · 10−6 (�) and

φL = 20 · 10−6 m3s−1 (M). The empirical correlation for Edr in an rs-SDR presented by De Beer et
al. [3], Equation 4.20, is shown ( --- ), as well as the correlation presented by Daily and Nece [25] for
Edr in an enclosed disc for turbulent flow and small rotor-stator axial clearance (- -). Edr increases
with increasing Reext

ω and is well described by Equation 4.20. In the SDR Edr ∝
(
Reext

ω

)2.12,

whereas for the enclosed disc Edr ∝
(
Reext

ω

) 11
4 [25].

Figure 4.6 displays the values of Edr per stator-rotor-stator stage (obtained by Equa-
tion 4.15) as a function of Reextω for φextL = φintL = 15 · 10−6 (�) and 20 · 10−6 m3s−1

(M). The value of Edr increases with increasing Reextω and is independent of φL, which
is in accordance with literature [3, 25, 42]. The empirical correlation for the rate of
rotational energy dissipation in a rotor-stator spinning disc reactor presented by De
Beer et al. [3], Equation 4.20, is shown in Figure 4.6 ( --- ).

Edr = 2 ·
(

5.73 · 10−12 (Gext)−0.14 (
Reextω

)2.12
)

Reextω < 11 · 105 (4.20)

The original correlation from [3] is presented for a single rotor-stator stage (i.e. for two
rotor-fluid interfaces); because a stator-rotor-stator stage consists of four rotor-fluid
interfaces (see Figure 4.1) the correlation is multiplied by two for each stator-rotor-
stator stage, yielding Equation 4.20. Figure 4.6 shows that for Reextω ≥ 1.5 · 105 the
current values of Edr are well described by Equation 4.20, deviations are within 5%.
For Reextω < 1.5 · 105 larger deviations are observed. This is possibly explained by
friction due to the dynamic lip seals: with increasing angular velocity a lubricating
liquid film forms between the seal and the shaft, decreasing the friction resistance
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[43, 44]. The observation that for Reextω ≥ 1.5 ·105 the values of Edr are well described
by Equation 4.20 (which was obtained by employing an overall energy balance for an
rs-SDR [3]), indicates that Edr is indeed close to the rates of energy actually dissipated
into the liquid, see Section 4.3.2. The correlation presented by Daily and Nece [25]
for the rate of energy dissipation in an enclosed disc (for turbulent flow and small
rotor-stator axial gap), is shown in Figure 4.6 (- -). In the rs-SDR Edr ∝ (Reextω )2.12,
whereas for the enclosed disc Edr ∝ (Reextω )

11
4 . This difference is possibly explained

by the relatively low values of Reextω for which Equation 4.20 was obtained: Reextω ≤
11 · 105 for the rs-SDR [3], compared to Reextω = 107 for the enclosed disc [25].

4.4.3 Pressure drop
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Figure 4.7: Experimentally obtained values of ∆P ext
T as function of Reext

ω for φext
L = 15 · 10−6

(Cext
w = 211, �) and φext

L = 20 · 10−6 m3s−1 (Cext
w = 280, M) and ∆P int

T as function of Reint
ω for

φint
L = 15 · 10−6 (Cint

w = 256, �) and φint
L = 20 · 10−6 m3s−1 (Cint

w = 341, N). Both ∆P ext
T and

∆P int
T increase with increasing angular velocity and volumetric throughflow rate.

The total pressure drop (∆PT = 3∆P ) over the srs-SDR for the exterior and interior
cavities is shown in Figure 4.7 as a function of Reextω and Cextw and Reintω and Cintw ,
respectively. Both ∆P intT and ∆P extT increase with increasing Reext/intω and increasing
C
ext/int
w , which is qualitatively consistent with pressure measurements in literature

[45, 46, 47]. For ∆P extT this increase with Reextω and Cextw is linear, as was observed
for the rs-SDR [3]. For ∆P intT a linear increase with Reintω is observed at higher
values of Reω. The different offset for ∆P extT and ∆P intT at Reext/intω = 0 is not fully
understood, however at high angular velocities ∆P extT and ∆P intT appear to be similar.
The values of ∆PT include, apart from the pressure drop over the stator-rotor-stator
stages, the internal in- and outlet tubes with sharp 90° bends. It is estimatediii that
20− 50% of the total pressure drop is due to these in- and outlet tubes.
iiiA correction for the in- and outlet tubes and sharp bends inside the reactor (to yield a net pressure

drop over the stator-rotor-stator stages) was estimated by using the Darcy-Weisbach equation [27]
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4.4.4 Heat exchange effectiveness
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Figure 4.8: Effectiveness of heat exchange η as function of ω, for φL = 15·10−6 (�) and φL = 20·10−6

m3s−1 (M). The values of η increase with increasing ω, indicating that (without application of any
model) Ur increases with increasing ω. For ω > 83 rad s−1, η decreases with increasing ω due to
Edr being no longer negligible compared to qT ; T ext

out increases, instead of approaching T int
in .

Figure 4.8 shows the effectiveness η of heat exchange in the srs-SDR (for three stages)
as a function of angular velocity, for volumetric throughflow rates of φextL = φintL =
15 · 10−6 (�) and 20 · 10−6 m3s−1 (M). The values of η increase from 0.24 to 0.61 by
increasing ω from 0 to 83 rad s−1, for φL = 20 · 10−6 m3s−1. This is explained by the
increasing Ur with increasing ω, see Section 4.4.1, since for any heat exchanger η is
a positive function of (UA/ρLcp,LφL)iv. This explains as well why η decreases with
increasing φL and constant ω: a higher thermal load (ρLcp,LφL) requires a higher
capacity heat exchanger.

For ω > 83 rad s−1, η decreases with increasing ω, whereas a further increase of Ur
is observed. This is due to the rotational energy dissipation rate being no longer
negligible compared to qT ; instead of approaching T intin further, T extout increases with
increasing ω. Therefore, the effectiveness of the srs-SDR as a heat exchanger can
not be increased indefinitely by increasing ω alone; the heat exchanging area can be
increased by increasing the number of stages. Obviously, when the aim of the heat
exchanger is to heat up a stream (and not necessarily to cool down the other) this
limitation is not relevant.

with the correlation presented by Blasius [48] to estimate the fL for straight tubes and assuming
fL = 1.3 for each 90° bend [49].

ivη = f
(
ρLcp,Lφ

ext
L /ρLcp,Lφ

int
L

)
is not considered in the current work since φext

L = φint
L for all

measurements.
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4.5 Reactor evaluation and comparison

4.5.1 Convective heat transfer coefficients

Convective heat transfer rates are increased by increasing the specific energy rate ε
dissipated into the fluid. Figure 4.9 displays the currently obtained values of hr (�)
as a function of ε = (Edr+∆PφL)V −1

L . The transition from laminar to turbulent can
be clearly noticed by the steep increase of hr for ε > 105 Wm−3

L . The observed trends
of hr = f (ε) are in agreement with rotor-stator systems described in literature: for
the laminar regime hr ∝ ε

1
4 (from ε ∝ ω2 [25] and hr ∝ ω

1
2 [34]), for the turbulent

regime hr ∝ ε0.29 (from ε ∝ ω 11
4 [25] and hr ∝ ω

4
5 [34]).

Figure 4.9: Experimentally obtained values of hr as function of ε for φL = 15 · 10−6 (�). For the
laminar regime hr ∝ ε

1
4 , for the turbulent regime hr ∝ ε0.29, which is in agreement with literature

[25, 34]). Correlations for the heat transfer coefficients in tubular reactors ( --- , for dh = 10 · 10−3

m), plate heat exchangers (- -, PHE, for dh = 1.5 · 10−3 m) and plate fin heat exchangers (#——, PFH,
dh = 2 ·10−3 m) are shown. The used correlations can be found in Appendix A. Practical operation
limitsv for the considered reactor-heat exchangers are indicated as shaded boxes. The values of
hr obtained in the srs-SDR are a factor 2-3 higher than film coefficients practically achievable in
established reactor-heat exchangers, due to the higher values of ε than can be realised in the spinning
disc reactor.

Figure 4.9 also displays correlations for the heat transfer coefficients in tubular re-
actors (solid line for dh = 10 · 10−3 m), plate heat exchangers (dashed line for
dh = 2 · 1.5 · 10−3 m) and plate fin heat exchangers (circular markers with solid
line, dh = 2 ·10−3 m), for comparison. The equations used in Figure 4.9 can be found
in Appendix A. The correlations for laminar and turbulent regimes are displayed by
the thick lines, the transition between laminar to turbulent regimes is indicated by
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the thin lines. Practical operation limits for the considered reactor-heat exchangers
are indicated in Figure 4.9 as shaded boxesv. From the correlations displayed in Fig-
ure 4.9 it can be observed that the correlation between ε and h is rather similar for
all turbulent flows considered: h ∝ ε0.24 − ε0.29. This is close to h ∝ ε

1
4 observed

by Calderbank and Moo-Young [50], who correlated this to the Kolmogorov length
scale of the smallest eddies (which is proportional to ε− 1

4 [51]). Therefore it can be
concluded that the convective heat transfer coefficient is mainly determined by the
turbulence intensity in the fluid, irrespective of it being induced in an active way (as
is the case in the srs-SDR), or in a passive way by introducing a high pressure drop
[14]. However, as the shaded boxes in Figure 4.9 indicate, the values of hr obtained
in the srs-SDR are a factor 2-3 higher than film coefficients practically achievable in
established reactor-heat exchangers. This is due to the higher values of ε that can be
realised in the spinning disc reactor, i.e. the high levels of turbulence intensity allow
intensification of the convective heat transfer. For ε < 3 ·105 Wm−3

L it is clear that the
passive enhancement techniques perform much better than the srs-SDR, due to the
rather steep decline in hr observed in the srs-SDR at the transition from turbulent
to laminar flow regime. Preventing this steep decline in h at low values of ε is indeed
the main aim of passive heat transfer enhancement [17].

4.5.2 Reactor operation

As was discussed in Section 4.5.1, the convective heat transfer coefficient in turbulent
flow is mainly determined by intensity of turbulence dissipation into the fluid. In the
srs-SDR specific energy dissipation rates up to ε = 3.9 · 106 Wm−3

L are achieved for
ω = 157 rad s−1, yielding hr = 34 kWm−2K−1. The advantage of the current srs-SDR
(compared to passive heat transfer enhancement) is that the turbulence intensity can
be easily increased by increasing the angular velocity of the rotor, whereas passive
enhancement depends on pump capacity to increase ∆P . Moreover, the turbulence
intensity in the current setup is increased independently of volumetric throughflow
rate, and thus independently of residence time. Since for passive heat transfer en-
hancement ε = ∆PφLV −1

L = ∆Pτ−1
m [27], achieving ε > 106 for any τm > 1 s yields

prohibitively high pressure drops, e.g. 100 ·105 Pa for τm = 10 s. Since in the srs-SDR
the turbulence intensity is independent of τm, intensification of the convective heat
transfer at high ε is possible for chemical reactions requiring τm > 1 s.
At low ε (the main range of interest for passive heat transfer enhancement), appli-
cation of the srs-SDR is not justified however (see Figure 4.9). This is due to the
relatively high values of Edr for Reω < 1.5 · 105 (see Section 4.4.2) and low laminar
values of hr (see Section 4.4.1).

vThe upper practical limit of ε for tubular, plate and plate fin reactor-heat exchangers is assumed
to be ∆Pτ−1

m = 1 · 105 Pa per second residence time, a typical operating value for passively
enhanced heat exchangers [17, 13, 14]. Obviously, this limit is rather arbitrary: at the expense
of a higher pressure drop, operation at higher values of ε is possible, see Section 4.5.2. The lower
practical limit of ε for tubular reactors is the point where transition from the turbulent to the
laminar regime starts, before which h rapidly decreases. This rapid decrease of h with decreasing
ε does not occur for plate and plate fin heat exchangers, therefore no lower practical limit of ε
for the compact heat exchangers is indicated.
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It should be noted that although in the current range of operating conditions (φL =
15 − 20 · 10−6 m3s−1, τm = 7 − 10 s) the pressure drop over the total reactor is low
(see Figure 4.7), ∆P increases linearly with increasing φL and increasing τm (i.e.
number of stages). For scale-up of production capacity of the srs-SDR and/or long
residence times, the pressure drop can get prohibitively high (similar to the limitations
of the passive enhancement techniques). A possible solution is increasing the reactor
dimensions r and s = rG, which increases φL at constant Cw or increases τm at
constant φL. Since ε ∝ r−3 (VL ∝ r3G) and ε ∝ Re2.12

ω , ω has to increase with
r2.12/3 (and thus with φ

2.12/3
L ) in order to maintain ε. Therefore, at constant Cw

and G, ∆P ∝ φ
2.12/3
L for a constant ε. This indicates that scale-up of production

capacity is feasible by increasing reactor dimensions. However, since ∆P increases
with increasing φL, a combination of dimensional scale-up and parallelisation will be
required for high values of φL.

4.5.3 Overall heat transfer performance

The degree of heat transfer intensification achievable in a chemical reactor is deter-
mined by UAV −1

R rather than by the value of h alone. Due to the high values of hr,
the values of Ur obtained in the srs-SDR are relatively high as well (up to Ur = 8.3
kWm−2K−1), compared to U = 3 − 7 kWm−2K−1 for plate heat exchangers and
tubular reactors [13, 14, 26, 52]. For plate reactors U = 2 − 2.5 kWm−2K−1 is typi-
cally obtained [10]. In the current setup it is observed that at high angular velocities
(ω > 80 rad s−1), Ur is mainly determined by conduction through the rotor. There-
fore, increasing Ur further can rather be achieved by decreasing the thickness of the
rotor δr and/or working with a higher thermal conductivity material (e.g. tantalum
[26] k = 57 Wm−1K−1, e.g. aluminium k = 237 Wm−1K−1 [26], sintered silicon
carbide k = 120 Wm−1K−1 [53]), than by increasing the angular velocity further. For
example, using a rotor of 1 · 10−3 m tantalum will yield Ur = 13.1 kWm−2K−1 at
ω = 157 rad s−1. It is clear that with further (mechanical) optimisation, the thermal
performance of the srs-SDR can be greatly enhanced.
The specific heat transfer area of the srs-SDR is, with AV −1

R = 375 m2m−3, rather
low. For tubular reactors AV −1

R = 80 − 400 m2m−3 [52, 54], while for plate heat
exchangers AV −1

R = 120− 660 m2m−3 [13, 14]. Partially this is due to constructional
constraints of the prototype; only 58% of the total rotor area is used as effective heat
transfer area. Without this limitation AV −1

R = 647 m2m−3, making it comparable to
values obtained in plate heat exchangers. The ratio of AV −1

R can be further increased
by either reducing the rotor-stator distance (which will lead to a higher ∆P ), or by
increasing the effective heat transfer area by using non-flat discs.
In the srs-SDR a maximum value of UAV −1

R = 3.1 MWm−3
L K−1 (or 5.4 MWm−3

L K−1

for AV −1
R = 647 m2m−3) is obtained at ε = 3.9 MWm−3

L . This is a factor 2-5 larger
than what is achieved in tubular reactors and a factor 1.2-10 times higher than the
UAV −1

R of plate heat exchangers. However, ε is 1-2 orders of magnitude larger in the
srs-SDR compared to the tubular and plate reactors-heat exchangers, Section 4.5.1. It
can therefore be concluded that although the current srs-SDR allows intensification
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of the convective heat transfer, it comes at a relatively high energetic expense. It
should be noted that since the values of hr practically achievable in the srs-SDR are
high compared to the alternatives (see Section 4.5.2), it appears that with further
mechanical optimisation much higher values of UAV −1

R can be obtained at equal ε.

4.6 Conclusion

Single phase fluid-rotor heat transfer coefficients in a three-stage stator-rotor-stator
spinning disc reactor are presented as a function of rotor angular velocities (ω = 0−157
rad s−1) and volumetric throughflow rates (φL = 15−20·10−6 m3s−1). Experimentally
obtained steady state outlet temperatures are fitted to a heat transfer model (based
on the heat transfer model presented by De Beer et al. [3]) to yield values of the
heat transfer coefficient. The values of hr are independent of φL and increase from
hr = 0.95 to 34 kWm−2K−1 by increasing ω from 0 to 157 rad s−1. The overall
heat transfer coefficient increases with increasing ω as well, up to 8.3 kWm−2K−1 at
ω = 157 rad s−1 (where Ur is mainly limited by conduction through the rotor). The
specific energy input rate (i.e. the energetic costs of increasing hr) increases from
ε = 0.02 to 3.9 MWm−3

L by increasing ω from 0 to 157 rad s−1. This is mainly caused
by the dissipation of energy from the rotor. The energetic contribution of the pressure
drop is negligible for the current operating conditions.
The fluid-rotor Nusselt number is employed to compare the currently obtained values
of hr to literature data. For Reω ≤ 1.1 · 105 a laminar regime is observed (described
by Equation 4.17), for Reω ≥ 2.3 · 105 the values of Nur reach turbulent levels and
are described by Equation 4.19. This transition from laminar to turbulent for Nur
is observed to occur at higher values of Reω than for Nus (from [3]). In literature
turbulence is indeed observed at lower values of Reω at the stator than at the rotor
[30, 31]. It is concluded that, for engineering purposes, the single phase heat transfer
in spinning disc reactors are described by Equations 4.17 and 4.19. Equations 4.17
and 4.19 are in relatively good agreement (35% and 15% lower, respectively) with
correlations presented for heat transfer in an enclosed rotating disc [24], given the
uncertainty associated with comparing air and water as heat transfer fluids.
The convective heat transfer coefficients obtained in the srs-SDR are a factor 2-3
higher than values achievable in passively enhanced reactor-heat exchangers (e.g.
plate and plate fin heat exchangers). This is due to 1-2 orders of magnitude larger
specific energy input achievable in the srs-SDR, without requiring a prohibitively high
pressure drop. Moreover, since hr is independent of φL, the heat transfer rates in the
srs-SDR are independent of residence time. Although the values of UAV −1

R obtained
in the current setup are comparable to what is achievable in compact heat exchangers
(at lower ε), it is expected that with further mechanical optimisation this value can
be increased at least a factor 3. Together with the high mass transfer rates reported
for spinning disc reactors [20, 21, 22] this makes it a promising tool to intensify heat
transfer rates for fast, highly exothermic chemical reactions.
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Appendices

A Thermo-hydraulic correlations

Figure 4.9 displays the convective heat transfer coefficient in tubular, plate and plate
fin reactor-heat exchangers as function of their specific energy dissipation. This ap-
pendix presents the employed correlations for these reactors. The correction for vis-
cosity was equal for all employed correlations for Nud and therefore not taken into
account. The value of h is determined by:

h = NudkL
dh

(A1)

while the specific energy dissipation is calculated according to [27]:

ε = ∆PφL
VL

= 2ρv3fLd
−1
h (A2)

The Fanning friction factor for tubular flow (with dh = d = 10 · 10−3 m [52, 54]) is
obtained by [27, 48]:

fL = 16
Re

Re < 2.1 · 103 (A3)

fL = 0.079
Re1/4 2.1 · 103 < Re < 105 (A4)

The Nusselt number for flow in tubes [55, 56, 57]:

Nud = 3.66 Re < 2.1 · 103 (A5)
Nud = 0.023Re 4

5Pr
1
3 Re > 104 (A6)

The value of fL for plate heat exchangers (with dh = 2 · 1.50 · 10−3 m, β = 45°,
ζ = 1.29 [14]) is obtained by [58, 59]:

fL =
[(

30.20
Re

)5
+
(

6.28
Re0.5

)5
]0.2(

β

30

)0.83
2 < Re < 300 (A7)

fL = a1a2Re
−a3 Re > 103 (A8)
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The Nusselt number for plate heat exchangers [58, 59]:

Nud = 1.6774
(
dh
L

)0.13(
β

30

)0.38
Re0.5Pr

1
3 30 < Re < 400 (A9)

Nud = a4a5Re
a6Pr

1
3 Re > 103 (A10)

with:

a1 = 2.917− 0.1277β + 2.016 · 10−3β2

a2 = 5.474− 19.02ζ + 18.93ζ2 − 5.341ζ3

a3 = 0.2 + 0.0577sin
[(

πβ

45

)
+ 2.1

]
a4 = 0.2668− 0.006967β + 7.244 · 10−5β2

a5 = 20.78− 50.94ζ + 41.16ζ2 − 10.51ζ3

a6 = 0.728 + 0.0543sin
[(

πβ

45

)
+ 3.7

]

The value of fL and j for plate fin heat exchangers (with dh = 2 · 10−3 m, b1 = 0.6,
b2 = 0.19, b3 = 0.1 [11]) is obtained by [15]:

fL = 9.6243Re−0.7422b−0.1856
1 b0.3053

2 b−0.2659
3 · ... (A11)

... ·
[
1 + 7.669 · 10−8Re4.429b0.920

1 b3.767
2 b0.236

3
]0.1 300 < Re < 104

(A12)

j = 0.6522Re−0.5403b−0.1541
1 b0.1499

2 b−0.0678
3 · ... (A13)

... ·
[
1 + 5.269 · 10−5Re1.340b0.504

1 b0.456
2 b−1.055

3
]0.1 300 < Re < 104

with: Nud = jRePr1/3
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Phys., 18, 79–94.

[56] Colburn, A.P. 1933. A method for correlating forced convection heat transfer
data and a comparison with fluid friction. Trans. Am. Inst. Chem. Eng., 29,
174–210.

[57] Sieder, E.N., Tate, G.E. 1936. Heat transfer and pressure drop of liquids in
tubes. Ind. Eng. Chem., 28 (12), 1429–1435.

[58] Muley, A., Manglik, R. 1999. Experimental study of turbulent flow heat transfer
and pressure drop in a plate heat exchanger with chevron plates. J. Heat Transfer,
121, 110–117.

[59] Muley, A., Manglik, R.M., Metwally, H.M. 1999. Enhanced heat transfer char-
acteristics of viscous liquid flows in a chevron plate heat exchanger. J. Heat
Transfer, 121, 1011–1017.



5 Gas-liquid flow and bubble
formation in a rotor-stator cavity

This chapter has been published as:
De Beer, M.M., Keurentjes, J.T.F., Schouten, J.C., Van der Schaaf, J., 2016. Bubble
formation in co-fed gas-liquid flows in a rotor-stator spinning disc reactor. Int. J.
Multiphase Flow, 83, 142-152.

Abstract

In this Chapter, the gas-liquid flow in a rotor-stator spinning disc reactor, with co-
feeding of gas and liquid, is studied for high gas volumetric throughflow rates and high
gas/liquid volumetric flow ratios. High speed imaging and spectral analysis of pressure
drop signals are employed to analyse the flow. Two mechanisms of bubble formation
are observed: one due to gas overpressure which leads to large irregular bubbles,
and one due to liquid turbulent vortices which leads to small, well-defined bubbles.
The two mechanisms lead to three distinct gas dispersion regimes, distinguished by
their characteristic oscillations in pressure drop. At low rotational Reynolds numbers
(Reω < 0.4 · 106), in the gas spillover regime, the gas is dispersed as large bubbles
only. Above this critical Reω, small bubbles are sheared off as well, thus forming a
heterogeneous dispersion. At sufficiently high Reω, depending on the gas flow rate,
the gas is homogeneously dispersed as small bubbles. The maximum gas flow that can
be dispersed as small bubbles is linearly proportional to the local energy dissipation
rate. The understanding of the bubble formation mechanisms and pressure signature
allows prediction and detection of the prevailing hydrodynamic regime in scaled up
spinning disc reactors and for different reaction fluids.
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5.1 Introduction

The performance of gas-liquid contactors (viz., mass and heat transport, mixing, se-
lectivity) strongly depends on their hydrodynamic behaviour [1, 2, 3, 4]. The wide and
diverse application of gas-liquid contactors in industry necessitates the understanding
of gas-liquid flow behaviour over a large range of gas and liquid throughflow velocities.
Specifically, the prevailing regime (e.g. stratified or dispersed), the size and homo-
geneity of the dispersed phase and the flow behaviour of the continuous phase largely
determine the transport properties and thus the performance. The rotor-stator spin-
ning disc reactor (rs-SDR) is a novel type of multiphase reactor which aims to intensify
these transport properties by applying centrifugal forces and high-shear conditions.
Although high rates of mass [5, 6, 7, 8] and heat transfer [9, 10] have indeed been
reported, the understanding of gas-liquid flow behaviour in rs-SDRs is still limited.

The rs-SDR is based on two parallel discs rotating at different angular velocities (for
ω > 0 rad s−1 the disc is called a rotor, if ω = 0 rad s−1 the disc is called a stator),
separated by a narrow axial gap s (in the range of millimetres). The large difference in
angular velocity over the small axial distance between the rotor and the stator causes
a high shear force to be exerted on the reaction fluids present in the rotor-stator cavity.
The resulting high turbulence intensity and large interfacial area in case of multiphase
flows, yield high rates of mass and heat transfer. In case of gas-liquid flow, the gas
phase is either co-fed with the liquid at the top cavity [5] or fed through orifices in the
stator walls [11]. In view of scale-up to multiple rotor-stator cavities in series [12, 10],
co-feeding the gas and liquid is preferred since this alleviates the need to separate and
redistribute the gas phase at each stage [5]. Therefore, the current work focusses on
an rs-SDR with co-fed gas and liquid flows. In contrast with gas dispersion through
an orifice in the stator wall [13], the mechanisms governing gas dispersion in an rs-
SDR with co-feeding of gas and liquid are not well understood. Understanding the
gas bubble formation is imperative for design of spinning disc reactors for practical
applications. Moreover, the gas-liquid hydrodynamics have only been investigated for
a rather low range of gas throughflow velocities and gas/liquid volumetric flow ratios.
Since for many applications a high (volumetric) gas throughput, compared to the
liquid phase, is required (e.g. gas absorption, condensation processes), it is important
to extend the knowledge of gas-liquid flows in rs-SDRs to increased gas throughflow
velocities and gas/liquid volumetric flow ratios.

The current work presents the bubble formation mechanisms, and their resulting
hydrodynamic regimes, in the rs-SDR with co-feeding of gas and liquid phases. High
speed imaging and spectral analysis of pressure drop oscillations are used to analyse
the gas-liquid flow. Gas volumetric flow rates up to φG = 283 · 10−6 m3s−1 and
gas/liquid volumetric flow ratios up to ψ = 94.3 are used, respectively a factor 40
and 100 higher compared to Meeuwse et al. [5]. The understanding of the bubble
formation mechanisms, and of the effect of operating conditions on the mechanisms,

In Chapter 5 the relevant dimension for the used dimensionless numbers (Reω = ωr2
Dν

−1
L and

CM = 2τρ−1
L ω−2r−5

D ) is the rotor radius rD.
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allows prediction of the prevailing hydrodynamic regime in scaled up spinning disc
reactors and for different reaction fluids.

5.2 Theory

5.2.1 Gas-liquid flow in a rotor-stator spinning disc reactor

Meeuwse et al. [5] describe the gas-liquid flow structure for co-fed gas and liquid in
an rs-SDR, for a range of volumetric gas throughflow rates of φG = 1.8 − 7.3 · 10−6

m3s−1 and gas/liquid volumetric flow ratios of ψ = φG/φL = 0.27 − 1.09. Figure
5.1 shows a schematic representation of the observed gas-liquid flow structure. In
the top cavity a continuous liquid film flows radially outwards and a continuous gas
phase is present between the liquid film and the stator, analogous to the thin film
spinning disc reactor [14, 15]. In the bottom cavity (and in the radial gap between
the rim of the rotor and the stator) the gas is dispersed in a continuous liquid phase.
Generally, two types of bubbles are observed, as indicated in Figure 5.1: large gas
bubbles (with a bubble diameteridb >> s) with a large spread in size distribution,
termed type I bubbles in the current work, and small gas bubbles (db ≤ s) with a
narrow size distribution, termed type II bubbles [5, 16]. With increasing rotational
velocity, an increasing amount of type II bubbles form, while type I bubbles decrease
in size and in frequency of occurrence [16].
The continuous liquid phase in the bottom cavity exhibits similar behaviour to single
phase hydrodynamics in a rotor-stator cavity [5], due to the low gas holdup [11].
This means at high radial positions the continuous liquid phase flows radially inwards
along the stator (in the Bödewadt boundary layer) and radially outwards along the
rotor (in the Von Kárman boundary layer), while at low radial positions the flow is
radially inwards over the entire rotor-stator gap [17, 18, 19]. The boundary between
the film and dispersed regions, i.e. the interface between continuous gas and liquid
phases, is located close to the rim, on top of the rotor (as indicated in Figure 5.1).
The continuous liquid between the gas-liquid interface and the rotor rim (rotating
approximately at vθ = 0.6ωrD [13]) acts as a liquid seal, keeping the continuous gas
phase at the top of the rotor. It is in this region of gas-liquid interface and liquid
seal that gas bubbles are formed and dispersed into the continuous liquid phase.
Meeuwse et al. [5] consider this region as part of the film region. However, since the
current work elaborates further on the mechanisms involved in bubble formation in
the rs-SDR, this region is separately termed as the bubble formation region.

5.2.2 Spectral analysis

Spectral analysis of pressure signals has been used extensively to characterise hydro-
dynamics in multiphase reactors, mainly for fluidized beds [20, 21, 22]. The current

iSince the type I bubbles are squeezed between the rotor and the stator, in the current work db

is defined as the Martin diameter of the 2D projections of the bubbles in the radial plane. The
bubble diameter is only used qualitatively in the current work.
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Figure 5.1: Schematic representation of gas-liquid flow structures in a rotor-stator spinning disc
reactor with co-feeding of gas and liquid phases, based on [5]. In the thin film region of the top
cavity a continuous liquid film flows radially outwards and a continuous gas phase is present between
the liquid film and the stator. In the bottom cavity the gas is dispersed into a continuous liquid
phase. At the boundary between both regions, the bubble formation region, gas bubbles are formed
and being dispersed.

work uses the influence of the formation of type I gas bubbles on the overall pressure
drop, see Section 5.4.1, to analyse the gas-liquid flow in an rs-SDR. The frequency of
the pressure fluctuations is related to the formation frequency of type I gas bubbles.
The gas flow dispersed as type I bubbles φI

G is defined by:

φI
G = f I

b · V I
b (5.1)

where f I
b is the formation frequency of type I bubbles and V I

b the average volume of
a type I bubble. The value of f I

b is determined as the frequency at which the one-
sided power spectral density S of the normalised pressure signal ∆PN (t) is maximum
(the characteristic frequency of the signal). Since ∆PN (t) is directly correlated to
the amount of gas buildup and release, see Section 5.4.1, the average bubble volume
is assumed to be proportional to the average power of the PSD S. However, the
magnitude of ∆PN (t), and with it S, not only increases with increasing V I

b , but also
increases with increasing rotational velocity ω. This is due to an increased pressure
of the liquid seal at the rim of the rotor, which is approximately given by: ∆P =
ρLacLls = ρLω

2rDLls. Assuming the length of the liquid seal Lls (determined by the
radial position of the gas-liquid interface) is constant, ∆P ∝ ω2. Therefore for V I

b :
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V I
b ∝

S

ω2 (5.2)

It should be noted that Equation 5.2 is not valid at low values of ω, indeed, for
limω→0 V

I
b (ω) =∞. This is because the assumption of a liquid seal at the rim of the

rotor is not valid at low values of ω. In Equation 5.2 it is assumed that the contribution
to S of random noise is negligible compared to the contribution of bubble formation.
This will be shown to be a valid assumption later. The value of S is determined by:

S =
∫ ∞

0
S (f) df (5.3)

5.3 Experimental

Figure 5.2: Schematic representation of the rotor-stator spinning disc reactor, consisting of a rotating
disc of radius rD = 0.135 m, enclosed by top and a bottom stationary discs at an axial distance of
s = 2 · 10−3 m. The maximum angular velocity of the rotor is 209 rad s−1. Liquid and gas phases
are fed co-currently at the top stator and withdrawn at the bottom stator. The pressure drop over
the reactor is monitored by a gauge pressure sensor connected to the inlet of the gas phase and the
outlet of the reactor. High speed images were recorded from both the top and bottom cavity.

Figure 5.2 shows a schematic representation of the rs-SDR. The reactor consists of a
316L stainless steel rotating disc (the rotor), enclosed by a top stator (316L stainless
steel) and a bottom stator (PMMA). The angle between the rotor surface and the
rim is 90° (i.e. a sharp edge). The surface roughness of the stainless steel rotor and
the top stator is 0.8 µm, while the surface roughness of the PMMA bottom stator
is 0.05 µm. The rotor is driven by a SEW Eurodrive CFM71M, with a maximum
angular velocity of 209 rad s−1 (corresponding to Reω = 3.8 · 106). The outer radius
of the rotor is rD = 135 · 10−3 m. The axial gap between the rotor and both stators
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is s = 2.0 · 10−3 m, the radial gap ∆rs = 10.0 · 10−3 m. Demineralised water (Elga
Purelab S7, conductivity 6.7·10−8 S cm−1) and nitrogen were injected at the top of the
reactor, withdrawn from the bottom and recirculated to an open jacketed collection
vessel. The liquid volumetric flow rate was controlled by a coriolis mass flow controller
(Bronkhorst M55), up to φL = (12± 0.3) · 10−6 m3s−1. The gas volumetric flow rate
was controlled using a Bronkhorst EL-FLOW, up to φG = (283± 1.7) ·10−6 m3s−1 at
standard conditions. The temperature of the reactor was kept constant at 298 ± 2K
using a Lauda WK 1200 to control the temperature of the liquid in the recirculation
vessel. For these conditions the kinematic viscosity of water is (0.892 ± 0.05) · 10−6

m2s−1 [23]. The wettability of stainless steel with water is high (typical contact angle
of 8° [24]), while for PMMA the wettability with water is much lower (typical contact
angle of 70° [25]).

The local specific energy dissipation rate in a ring of rD − 10 · 10−3 < r < rD
(the approximate location of bubble formation in the rs-SDR, see Section 5.4.1) is
determined by:

εloc =
α
∫ rD
rD−0.01 r

11
4 rdr

π
(
r2
D − (rD − 0.01)2

)
s

(5.4)

in which α is a proportionality constant independent of r. The derivation of Equation
5.4 is given in Appendix A. The value of α is determined from the total energy
dissipation rate Edr:

Edr = 2α
∫ rD

rr,i

r
11
4 rdr (5.5)

The experimental values of Edr were calculated using the torque exerted on the rotor,
Equation 5.6. Values of the torque τ were obtained by measuring the current I
supplied to the motor, from which the internal current losses of the motor I0 were
subtracted, and multiplying it by motor characteristics τc = 4.3 NmA−1 and Ic = 1.51
A. Values of I0 as a function of ω were determined by measuring I supplied to the
motor, with the motor disconnected from the rs-SDR.

Edr = ωτ = ω (I − I0) τcIc (5.6)

High speed images of the top and bottom rotor-stator cavities were recorded using a
Redlake MotionPro X4 digital camera, with a minimum exposure time of 1 µs and
maximum frequency of 5130 Hz at a vertical resolution of 512 pixels. To visualise the
top rotor-stator cavity, the entire setup was rotated 180° vertically and the inlet and
outlet were reversed to maintain a top to bottom throughflow. Two 500 W halogen
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lamps were used to provide light for the images of the complete cavity. For the
close-up images three Dedolight Dedocool lamps (250 W) were employed. Example
images of the top and bottom cavities are shown in Appendix B, indicating the main
flow features in reference to a schematic representation of the gas-liquid flow in a
rotor-stator cavity.

The projected area of type II bubbles was estimated by converting the high speed
images to black and white images, which resulted in clusters of white pixels repre-
senting the gas bubbles. The projected area of bubbles was evaluated as the number
of white pixels divided by the total number of pixels. The average of 10.000 images or
more was taken, corresponding to approximately 2 s in real-time. Images with type I
bubbles were discarded to yield the projected area of only type II bubbles. It should
be noted that the estimated projected area of the bubbles is indicative of, but cer-
tainly not equal to, the gas holdup. The projected area ignores all variation in bubble
shape in the axial direction (the direction normal to the image) and is therefore not a
quantitative estimation of the holdup. In the current work the projected area is only
used for mutual comparison of the amount of type II bubbles at different conditions.

Conversion of grey scale images to black and white images was done using matlab
Image Processing Toolbox. Bubble edges were detected using the Canny edge detec-
tion algorithm [26], detected edges were further dilated using imdilate, closed edges
were filled using imfill and eroded twice using imerode. An example of the original
and corresponding black and white image is shown in Appendix C. It is clear that
converted bubbles, the clusters of white pixels, are not perfectly describing the real
bubbles. Since the projected area is only used for mutual comparison, and not to
quantitatively determine a gas holdup, it is assumed that image processing errors are
similar for all conditions.

The pressure drop over the reactor was measured using a SensorTechnics 26PC pres-
sure sensor (25 · 103 and 100 · 103 Pa pressure range), connected to the inlet of the
gas phase and the outlet of the reactor, see Figure 5.2. The pressure drop was mea-
sured at an acquisition rate of 1000 Hz. A Labjack data acquisition module and a
Kulite AW980-2K amplifier were used to record the signal. The pressure drop was
recorded for a minimum time of 150 s, leading to a minimum of 150.000 samples
per measurement. The one-sided power spectral density S of the normalised pres-
sure signal (∆PN (t) = ∆P (t)−∆Pav) is estimated in matlab using Welch’s method
[27], averaging the periodogram of ten sections (each one-tenth of the original signal)
with 50% overlap and applying a Hamming window to each section. A sample of a
normalised pressure signal and its corresponding power spectral density are shown in
Figure 5.3. The average power of the PSD S was determined by Equation 5.3, which
was evaluated in matlab using trapezoidal numerical integration of S (f). Pressure
drop signals were recorded with both the stainless steel stator and the PMMA stator
as top stator (i.e. 180° vertical rotation). No influence of top stator material on the
results of the spectral analysis was observed.
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Figure 5.3: (a) Sample of a normalised pressure signal and (b) its estimated power spectral density
using Welch’s method. The power spectral density exhibits a maximum at a frequency corresponding
to the large pressure oscillations of the original signal. Conditions: φG = 90 · 10−6 m3s−1, φL =
6 · 10−6 m3s−1, Reω = 2.3 · 106.

5.4 Results and discussion

The general structure of gas-liquid flow in an rs-SDR for φG up to 283 m3s−1 and ψ
up to 94.3 is observed to be similar to the observations by Meeuwse et al. [5] for φG
up to 7.3 · 10−6 m3s−1 and ψ up to 1.09: a thin film region and a bubble formation
region in the top cavity and a dispersed region with type I and type II bubbles in the
bottom cavity, as shown in Figure 5.1. The nature of the gas dispersion in the bottom
cavity, in terms of relative amounts of type I and type II bubbles, heavily depends on
φG, Reω and, to a lesser extent, φL. The type I and type II bubbles are formed, in the
bubble formation region of the top cavity, by two fundamentally different mechanisms:
gas spillover and turbulent vortices, respectively. The two mechanisms are observed
using high speed images of the top rotor-stator cavity, which is described in Section
5.4.1. Section 5.4.2 presents the resulting flow regimes qualitatively. The effect of
the operating conditions on the formation of bubbles and the resulting flow regimes
is discussed quantitatively in Section 5.4.3.

5.4.1 Bubble formation mechanisms

The large type I gas bubbles are formed due to the continuous gas-liquid interface
(in the bubble formation region) periodically spilling over the rim of the rotor. This
is shown in the 8 ms sequence of images in Figure 5.4, which is a top view of the
rim of the top rotor-stator cavity during a gas spillover, for φG = 30 · 10−6 m3s−1,
φL = 6 · 10−6 m3s−1 and Reω = 1.5 · 106. A spillover is explained by the gas pressure
in the continuous gas phase of the film region (which increases due to the constant
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Figure 5.4: Top view of the rim of the top rotor-stator cavity over the course of 8 ms, during an
occasion of gas spillover. The continuous gas-liquid interface, located a couple of millimetres in front
of the rotor rim, is shown to be pushed briefly over the rim by the gas overpressure (indicated by
the left pointing arrows). During this spillover, a large type I gas bubble is formed in the bottom
rotor-stator cavity. The brief release of gas decreases the gas pressure in the top cavity and the
gas-liquid interface retreats back to its original position on top of the rotor. It should be noted that
the observed frequency of spillover occurrence is not ω/2π, i.e. there is no continuous spillover on a
specific location of the disc. Conditions: φG = 30·10−6 m3s−1, φL = 6·10−6 m3s−1, Reω = 1.5·106.
Camera settings: ts = 1 µs, f = 5130 Hz.

supply of gas at the inlet) overcoming the pressure of the liquid seal at the rim of
the reactor, which is proportional to ω2, see Section 5.2.2. The gas overpressure
pushes the continuous gas-liquid interface over the rim of the rotor, allowing gas to
be released to the bottom cavity and forming a type I bubble in the bottom cavity,
shown on the left hand side of Figures 5.5(a) and (b). This release of gas reduces
the gas overpressure in the top cavity, the gas-liquid interface retreats to its original
position on top of the rotor and a liquid seal is again formed at the rim of the reactor.
The cycle of gas buildup and release results in regular oscillations in the pressure
drop signal with a large amplitude and relatively low frequency, shown on the right
hand side of Figures 5.5(a) and (b) (e.g. f I

b = 1.4 Hz and ∆PN = ±2.4 · 103 Pa at
φG = 30 ·10−6 m3s−1, φL = 6 ·10−6 m3s−1 and Reω = 1.5 ·106). The frequency of the
pressure fluctuations is equal to the frequency of gas spillover occurrence determined
by the high speed images. In conditions where no type I gas bubbles are present,
Figure 5.5(c), large amplitude pressure oscillations are not observed. Hence, it is
concluded that the large amplitude pressure fluctuations are indeed caused by the
formation of type I bubbles.
The small type II bubbles are formed by the turbulence induced by the rotational
motion of the rotor. Figure 5.6 shows the formation of a type II bubble at the
continuous gas-liquid interface for φG = 6 · 10−6 m3s−1, φL = 3 · 10−6 m3s−1 and
Reω = 1.5 · 106. A gas neck is observed to protrude from the bulk gas phase, Figure
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Figure 5.5: Exemplary images of the hydrodynamic regimes observed in the bottom rotor-stator
cavity of the rs-SDR and the corresponding oscillations in normalised pressure drop. For φG =
30 · 10−6 m3s−1 and φL = 6 · 10−6 m3s−1, (a) at Reω = 0.4 · 106 only type I bubbles form, termed
the spillover regime, (b) at Reω = 1.5 ·106 both type I and II bubbles coexist in the heterogeneously
dispersed regime, and (c) at Reω = 2.4·106 only type II bubbles form in the homogeneously dispersed
regime. The formation of type I bubbles causes large fluctuations in the pressure drop signal, whereas
the formation of type II bubbles does not significantly affect the pressure drop.
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5.6(a)-(c), which subsequently becomes unstable; a small gas bubble (0.9·10−3 m) is
pinched off and carried away by the liquid, Figure 5.6(d)-(f). This phenomenon is
explained by the interaction of vortical structures in the continuous liquid (created
by the high shear force between the rotor and the stator) at the rim of the rotor, with
the continuous gas phase [28, 29]. Vortical motion in the liquid is indeed observed at
the continuous gas-liquid interface. Moreover, in Section 5.4.3 it is shown that the
number of type II bubbles formed increases linearly with the local turbulence intensity
εloc. The reduced dynamic pressure inside such a liquid vortex (due to the geostrophic
balance between Coriolis and pressure forces, ~ω × ~v = −∇P/ρ [30]) draws a neck of
gas out of the bulk gas phase, which eventually becomes unstable, possibly due to a
Plateau-Rayleigh instability [31], leading to pinch-off of a gas bubble. This process
is similar to a so-called ”bathtub vortex” [32], where a gas neck forms (and collapses
into one or more bubbles) from a liquid-air free surface due to rotational motion of
the liquid. It should be noted that although Figure 5.6 shows a single bubble to be
formed, multiple bubbles are observed to form from a single gas neck as well.

Figure 5.6: Top view of the rim of the top rotor-stator cavity over the course of 3.9 ms, during an
occasion of vortex bubble formation. A gas neck is seen to protrude from the continuous gas-liquid
interface (indicated by the left pointing arrows), drawn out by the reduced pressure in a liquid
vortex. The pinch-off is shown in (d), after which the type II bubble is carried of by the liquid and
the neck collapses back in the gas bulk. Conditions: φG = 6 · 10−6 m3s−1, φL = 3 · 10−6 m3s−1,
Reω = 1.5 · 106. Camera settings: ts = 1 µs, f = 5130 Hz.

Increasing φL from 3 to 12 · 10−6 m3s−1 at constant Reω results in a more chaotic,
but higher frequency, type II bubble formation. Temporarily stable gas necks, as
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Figure 5.7: Top view of the rim of the top rotor-stator cavity over the course of 2.9 ms, during a burst
of bubble formation at high φL. A cloud of bubbles is seen to be created from (or to appear from
under) the continuous gas phase (indicated by the left pointing arrows), seemingly without forming
a briefly stable gas neck. Conditions: φG = 6 · 10−6 m3s−1, φL = 12 · 10−6 m3s−1, Reω = 1.5 · 106.
Camera settings: ts = 1 µs, f = 5130 Hz.

Figure 5.8: Top view of the rim of the top rotor-stator cavity shows a part of the film region and
the bubble formation region for (a) φL = 3 · 10−6 m3s−1 and (b) φL = 12 · 10−6 m3s−1. At low φL

no disturbances of the liquid film are observed, while at high φL large surface waves are observed
to move radially outwards with the film (indicated by the left pointing arrows). This difference in
surface regularity possibly explains the difference in bubble formation observed for low and high
φL, respectively. Conditions: φG = 6 · 10−6 m3s−1, Reω = 1.5 · 106. Camera settings: ts = 1 µs,
f = 5130 Hz.
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observed for φL = 3 · 10−6 m3s−1 in Figure 5.6, are not observed for φL = 12 · 10−6

m3s−1; presumably they collapse instantly (that is, within 1/5130 s = 0.19 ms) into
multiple bubbles. Figure 5.7 shows such a cloud of bubbles forming for φG = 6 · 10−6

m3s−1, φL = 12 · 10−6 m3s−1 and Reω = 1.5 · 106. Initially, a small deformation
in the gas-liquid interface is observed, indicated by the left pointing arrow in Figure
5.7(a); 0.2 ms later a cloud of bubbles has been formed. This cloud subsequently
spreads, showing the individual bubbles in Figure 5.7(c). A possible trigger for the
more irregular bubble formation at increasing φL, is the decreased stability of the thin
liquid film which is present underneath the continuous gas phase. Smooth liquid films
on rotating discs have been observed to break down into spiral waves and irregular flow
at increasing liquid flow rates [33, 34]. Possibly these waves crash into the gas-liquid
interface and form multiple disturbances that rapidly breakup into smaller bubbles.
Figure 5.8 shows the film region in the top rotor-stator cavity, at φG = 6 ·10−6 m3s−1,
Reω = 1.5 · 106, for (a) φL = 3 · 10−6 m3s−1 and (b) φL = 12 · 10−6 m3s−1. Surface
waves are indeed observed at high φL, indicated by the left pointing arrows in Figure
5.8(b), while at low φL no waves are observed. This indicates that the irregularity of
the liquid film surface possibly influences the bubble formation.
Contrary to the gas spillover mechanism, which forms the type I gas bubbles, the
turbulent vortex mechanism forming the type II gas bubbles is not connected to the
overall pressure drop over the reactor. In conditions where only type II gas bubbles
are present, large amplitude pressure oscillations are indeed not observed, Figure
5.5(c). Therefore it is concluded that type I and type II gas bubbles are created by
two intrinsically different mechanisms.

5.4.2 Dispersion regimes in the bottom cavity

The two mechanisms of gas bubble formation result in three distinct flow regimes in
the bottom rotor-stator cavity, in accordance with observations by Meeuwse et al.
[5]. Exemplary images of these regimes are shown on the left hand side of Figure 5.5,
for φG = 30 · 10−6 m3s−1 and φL = 6 · 10−6 m3s−1. For Reω ≤ 0.4 · 106 the gas
is dispersed as periodically appearing type I bubbles, see Figure 5.5(a). In this gas
spillover regime, the size of the bubbles, and with it the gas-liquid interfacial area,
is largely determined by φG. The relatively low gas-liquid interfacial area and low
turbulence intensities in this regime lead to poor interphase transport properties [16].
For Reω > 0.4 · 106, type I and type II bubbles coexist, Figure 5.5(b), similar to
the turbulent flow regime in bubble columns [35]. In this heterogeneous dispersion
regime, the increasing holdup of small bubbles increases the gas-liquid interfacial
area and interphase transport properties [11]. However, the bubble size distribution
is wide, from db � s to db ≤ s. Increasing Reω further to Reω > 2.4 · 106 (for
φG = 30 · 10−6 m3s−1 and φL = 6 · 10−6 m3s−1), the gas is homogeneously dispersed
as type II bubbles; no type I bubbles are formed, see Figure 5.5(c). The large and
well-defined gas-liquid interfacial area makes this homogeneous dispersion regime the
preferable operating regime for multiphase reactions in the rs-SDR.
From the observed flow regimes it is concluded that the gas phase is dispersed as a
varying combination of type I and type II bubbles:
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Figure 5.9: Estimated projected area of only type II bubbles (as a fraction of the total area, with type
I bubbles not taken into account) as a function of φG for φL = 6·10−6 m3s−1 and Reω = 1.9·106. The
projected type II bubble area, an indication of the type II bubble holdup, increases with increasing
φG for φG < 18 · 10−6 m3s−1 (for which only type II bubbles are observed), while it remains
approximately constant for φG ≥ 18·10−6 m3s−1 (for which both type I and II bubbles are observed).
This shows that for a given φL and Reω , a maximum amount of φII

G,max can be dispersed as type II
bubbles, any remaining gas is dispersed as type I bubbles.

φG = φI
G + φII

G (5.7)

where the values of φI
G and φII

G depend on operating conditions Reω and φL. The
projected area of type II gas bubbles in the high speed images is indicative of the
number of type II gas bubbles in the bottom cavity, and is therefore a qualitative
measure of φII

G. Figure 5.9 shows the estimated projected area of only type II bubbles
(as a fraction of the total area, with type I bubbles not taken into account) as a
function of φG for φL = 6 · 10−6 m3s−1 and Reω = 1.9 · 106. The projected area
of type II bubbles, and thus φII

G, increases with increasing φG for φG < 18 · 10−6

m3s−1 (for which only type II bubbles are observed), while it remains approximately
constant for φG ≥ 18 · 10−6 m3s−1 (for which both type I and type II bubbles are
observed). Figure 5.9 shows that for a given φL and Reω, a maximum amount φII

G,max

can be dispersed as type II bubbles. If φG < φII
G,max, φG is completely dispersed as

type II bubbles (φII
G = φG, φI

G = 0). If φG > φII
G,max, an amount of φII

G = φII
G,max is

formed as type II bubbles, the remaining φI
G = φG − φII

G,max spills over the rim as
type I bubbles. Hence:

φII
G = min

(
φG;φII

G,max

)
(5.8)

φI
G = φG − φII

G (5.9)
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Figure 5.10: Power spectral density as function of Reω for φG = 60 · 10−6 m3s−1 and φL = 6 · 10−6

m3s−1. The baseline of each spectrum is shifted upwards with a factor 2 · 10−4ω3 for clarity. The
characteristic frequency is observed to decrease with increasing Reω . The amplitude is observed
initially to increase with increasing Reω . For Reω > 2.9 · 106 a sharp decrease of amplitude is
observed, corresponding to the transition between the heterogeneous and the homogeneous dispersion
regimes.

It follows that φII
G,max = f (Reω, φL) determines the nature of the dispersion in the

bottom cavity; it determines the amount of gas that can be dispersed as small type
II bubbles. Values of φII

G,max are determined from the point of transition between
the heterogeneous and homogeneous dispersion regimes: at these conditions Reω is
exactly sufficient to disperse φG completely as type II bubbles (thus φII

G,max = φG for
that Reω and φL). This is presented in Section 5.4.3.

5.4.3 Heterogeneous-homogeneous transition

The points of transition between the heterogeneous and homogeneous dispersion
regimes are quantified in two ways. The first method is directly from the pressure
signal and high speed images. The transition is determined as the lowest Reω (for a
constant φG and φL) for which the large pressure fluctuations and type I bubbles are
no longer observed for the entire length of the recorded signal and image series, respec-
tively. Alternatively, the transition is determined as the point where φI

G(Reω) = 0,
where φI

G is determined from the power spectral density of the pressure drop signal
(according to the method described in Section 5.2.2). The current section presents
results of this PSD method, and a comparison is made with values obtained by the
direct method.
Figure 5.10 shows S as a function of Reω for φG = 60 · 10−6 m3s−1 and φL = 6 · 10−6
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m3s−1. The baseline of each spectrum is shifted upwards with an arbitrary factor
2 · 10−4ω3 for clarity. A characteristic frequency f I

b is observed, which corresponds to
the formation frequency of type I gas bubbles. Figure 5.11(a) shows f I

b as a function
of Reω and φG for φL = 6·10−6 m3s−1. For all Reω and constant φL, fb increases with
increasing φG. This is explained by a more rapid increase of the gas pressure in the
top rotor-stator cavity, which causes the gas pressure to overcome the sealing pressure
of the liquid seal more frequently. For low values of Reω, f I

b sharply increases with
increasing Reω for all φG, which indicates the transition from the gas spillover regime
to the heterogeneous dispersion regime. For higher values of Reω (e.g. Reω > 1.5 ·106

for φG = 60 · 10−6 m3s−1), f I
b decreases with increasing Reω. This is explained by

the increased sealing pressure of the liquid seal at the rim of the rotor; a higher
gas pressure is required to overcome the sealing pressure. Since the supply of gas is
constant, this implies a less frequently occurring spillover of gas.

Figure 5.11: Values of (a) f I
b and (b) Sω−2 as a function of Reω and φG for φL = 6 · 10−6 m3s−1,

obtained from the PSD of the normalised pressure drop signals. The value of f I
b increases sharply

for Reω > 0.4 · 106, indicating the transition from the gas spillover regime to the heterogeneous
dispersion regime. At higher Reω , f I

b decreases due to the increasing sealing pressure of the liquid
seal at the rim of the rotor. The value of Sω−2, which is proportional to V I

b , decreases a factor 10
at Reω > 0.4 · 106, indicating the gas spillover-heterogeneous dispersion transition. At higher Reω ,
V I

b again decreases sharply, which indicates the disappearance of type I bubbles. This indicates the
second transition: from the heterogeneous to the homogeneous dispersion regime.

Figure 5.11(b) shows Sω−2 (which is proportional to V I
b , Equation 5.2) as a function of

Reω and φG for φL = 6·10−6 m3s−1. At low Reω, Sω−2 sharply decreases more than a
factor 10 with increasing Reω for all φG, which indicates the transition between the gas
spillover and the heterogeneous dispersion regimes. A second transition is observed
at higher Reω (e.g. Reω > 2.3 · 106 for φG = 60 · 10−6 m3s−1), which indicates
the disappearance of large amplitude oscillations, and thus of type I gas bubbles.
This is the transition from the heterogeneous to the homogeneous dispersion regime.
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During this transition, the value of Sω−2 decreases at least a factor 10, confirming
the assumption made in Section 5.2.2 that the contribution of random noise to S
is negligible, compared to the contribution to S of type I gas bubble formation.
In between both transitions, Sω−2 is approximately constant with increasing Reω,
suggesting a constant type I gas bubble size in this region. High speed images of the
bottom cavity qualitatively show an approximately constant type I gas bubble size
for an increase of Reω from 0.8 to 1.5 · 106, see Appendix D.

In line with Sω−2, the images in Appendix D also show a decrease of the type I gas
bubble size for an increase of Reω from 0.4 to 0.8 · 106. However, in Figure 5.11(b),
Sω−2 suggests a decrease in bubble size of a factor 10 for this range of Reω, which does
not agree with the visual observations in Appendix D. As was explained in Section
5.2.2, the scaling of S with ω−2 to yield V I

b , is not valid at low values of ω, due to
the assumption of a liquid seal at the rotor rim not being valid. The value of S (i.e.
without scaling with ω−2) decreases a factor 4 to 5 by increasing Reω from 0.4 to
0.8 · 106, see Appendix E. This appears to be closer to the visually observed decrease
in bubble size in Appendix D. Therefore, it is concluded that Sω−2 overestimates V I

b

for Reω < 0.8 · 106. For this reason, values of Sω−2 for Reω < 0.8 · 106 are discarded
in the further determination of φI

G.

Figure 5.12 shows f I
b ·Sω−2 (which is proportional φI

G, Equation 5.1) as a function of
Reω and (a) φG and (b) φL. For all φG and φL, f I

b · Sω−2 decreases with increasing
Reω. This is explained by the increasing number of type II bubbles formed with
increasing Reω, as shown in Figure 5.5. Therefore, with increasing Reω an increasing
fraction of φG is removed as type II bubbles, thus decreasing φI

G. The decrease in
f I
b ·Sω−2 with increasing φL indicates that the formation of clouds of bubbles observed

at higher φL (Figure 5.7), increases the efficiency of type II bubble generation.

The values of f I
b · Sω−2 are described by (adjusted R2 = 0.88, F-statistic versus

constant model = 147.04):

f I
b · Sω−2 = a1φ̂G − a2R̂e

2.33±0.42
ω φ̂0.40±0.12

L (5.10)

where φ̂ = φ ·106, R̂eω = Reω ·10−6 are scaled variables to ensure a reliable numerical
parameter estimation and with a1 = (5.32± 0.48) · 10−4 and a2 = (1.2± 0.81) · 10−3.
Since at Reω = 0, φII

G = 0 and thus φG = φI
G, Equation 5.10 can be written as:

φ̂I
G = f I

b · Sω−2

a1

= φ̂G −
a2

a1
R̂e

2.33±0.42
ω φ̂0.40±0.12

L (5.11)

Equation 5.11 is equivalent to Equation 5.9, therefore:
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Figure 5.12: Values of f I
b ·Sω

−2, which is proportional φI
G, as a function of Reω and (a) φG and (b)

φL. For all φG and φL, f I
b ·Sω

−2 decreases with increasing Reω . This is explained by the increasing
fraction of φG that is dispersed as type II bubbles as Reω increases, decreasing the overpressure of
gas and thus decreasing φI

G. The decrease of f I
b ·Sω

−2 with increasing φL indicates that the type II
bubble formation is more efficient at higher φL. The values of f I

b · Sω
−2 are correlated by Equation

5.10, indicated by the solid lines.

φ̂II
G,max = a2

a1
R̂e

2.33±0.42
ω φ̂0.40±0.12

L (5.12)

Figure 5.13 displays values of φII
G,max obtained from the PSD analysis (x-axis) versus

values obtained directly from the experimentally established heterogeneous - homo-
geneous transition points (y-axis). The agreement of both methods is reasonable,
within 20% for φII

G,max > 6 · 10−6 m3s−1. A possible cause of disparity is the rela-
tively large uncertainty of Equation 5.12, indicated by the 95% confidence intervals
of the estimated coefficients. This can be improved by extending the measurement
range, e.g. for φL only three values are used. Moreover, the limitation in Reω in the
current setup limits the φG for which a proper decrease in f I

b ·Sω−2 can be observed.
From Figure 5.13 it is concluded that spectral analysis of the pressure drop signal,
according to the method described in Section 5.2.2, can be used to quantitatively
describe the hydrodynamics in an rs-SDR, which is a valuable tool for analysis of
non-transparent set-ups.

Equation 5.12 shows that φII
G,max increases with Re2.33±0.42

ω . This is explained by
the increased local turbulence intensity with increasing Reω, theoretically with εloc ∝
Re2.75

ω [36]. This increases the number of vortices in the continuous liquid of the
bubble formation region that can form type II gas bubbles, which directly increases
the formation frequency of type II gas bubbles, as shown in Figure 5.6. Figure 5.14
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Figure 5.14: The amount of homogeneously dispersed gas φII
G,max as a function of εloc for φL = 3 to

12 · 10−6 m3s−1. φII
G,max increases linearly with increasing εloc, indicating that turbulence intensity

is directly related to the mechanism of gas dispersion. Moreover, the effect of φL is shown to be
independent of εloc, indicating a separate phenomenon increasing the bubble generation at increasing
φL.
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displays φII
G,max (determined by the direct method) as a function of the experimentally

obtained εloc, obtained from Equations 5.4 to 5.6, and φL, correlated by Equation 5.13:

φ̂II
G,max = (16.02± 1.07) φ̂0.29±0.03

L ε̂loc (5.13)

where ε̂loc = εloc ·10−6. It is shown that the amount of gas that can be homogeneously
dispersed increases linearly with εloc. This supports the hypothesis, based on Figure
5.6, that interaction of turbulent vortices with the continuous gas-liquid interface is
the main mechanism of type II bubble formation in the rotor-stator spinning disc
reactor with co-fed gas and liquid. Moreover, the effect of φL in Equation 5.12, is
shown to be independent of the turbulence intensity in Equation 5.13ii. This indicates
a separate phenomenon (e.g. the surface waves observed in Figure 5.8) increases the
bubble generation efficiency at increasing φL.
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Figure 5.15: Flowmap of the three hydrodynamic regimes present in the bottom rotor-stator cavity
of a co-fed rs-SDR. For Reω ≤ 0.4 · 106 the gas spillover regime occurs, in which the gas is dispersed
as type I bubbles. For Reω > 0.4 · 106, a heterogeneous dispersion of type I and type II bubbles is
formed. Increasing Reω further (e.g. Reω > 2.4 · 106 for φG = 30 · 10−6 m3s−1 and φL = 6 · 10−6

m3s−1), a homogeneous gas dispersion of type II bubbles with a narrow size distribution is obtained.

As follows from Equations 5.8 and 5.9, φII
G,max determines the type of dispersion in

the bottom cavity: for φG > φII
G,max the flow is heterogeneous, while for φG < φII

G,max

the gas is homogeneously dispersed. The resulting flowmap for the hydrodynamic
regimes is shown in Figure 5.15, where the markers indicate values of φII

G,max ob-
tained by the direct method and solid lines represent φII

G,max from the PSD method,
Equation 5.12. The difference between both methods is quantitatively shown in Fig-
ure 5.13. The sharp transition between the gas spillover and heterogeneous regimes

iiNote that in Equation 5.12 φII
G,max · 106 ∝ φ0.40±0.12

L , whereas in Equation 5.13 φII
G,max · 106 ∝

φ0.29±0.03
L . The coefficient of Equation 5.13 is (just) within the the 95% confidence interval of

the estimated coefficient of Equation 5.12.
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at Reω = 0.4 · 106, deduced from Figure 5.11, is indicated by the vertical dashed line.
Figure 5.15 predicts the operating regime of an rs-SDR as a function of φG, φL and
Reω. This is helpful in the design and operation of these reactors for multiphase reac-
tions. Although in the current work the dependency of reactor dimensions and fluid
properties is not investigated, the direct correlation between φII

G,max and εloc indicates
the turbulence intensity close to the rim of the rotor determines the nature of the gas
dispersion in an rs-SDR. Correlations of εloc as function of geometry parameters s
and rD and of fluid parameters ρ and ν for rotor-stator systems are given by Daily
and Nece [36]. Although these correlations are valid only for single phase flows, the
energy dissipation is shown not to be influenced much by the presence of gas [12]. It
should be noted that the effect of φL on the bubble generation is not fully understood
and that the observed φII

G,max ∝ φ0.29
L is based on three values of φL only. Therefore,

Equation 5.13 must be used with caution.

5.5 Conclusion

The mechanisms of bubble formation, and the resulting hydrodynamic regimes, in
a rotor-stator spinning disc reactor with co-fed gas and liquid, are studied for high
gas volumetric throughflow rates (φG up to 283 · 10−6 m3s−1 and high gas/liquid
volumetric flow ratios (ψ up to 94.3), using high speed imaging and analysis of pressure
drop oscillations. For these high values of φG and ψ (respectively, a factor 40 and
100 higher compared to Meeuwse et al. [5]), the general flow structure is similar to
observations at low φG and ψ [5]: a thin film region and bubble formation region
in the top rotor-stator cavity and a dispersed bubble region in the bottom cavity.
The fact that a dispersion of gas is obtained even for ψ up to 94.3, instead of an
annular type of flow with a continuous gas phase, shows that the rs-SDR (due to the
centrifugal force of the rotating disc) enables efficient gas-liquid contacting for a very
wide range of ψ.

Two separate, coexisting mechanisms of bubble formation in the rs-SDR are observed
by high speed imaging of the bubble formation region in the top rotor-stator cavity.
One mechanism is the periodical spilling of the continuous gas-liquid interface over
the rim of the rotor (due to gas overpressure), which creates the large type I bub-
bles (db >> s) observed in the spillover and heterogeneous dispersed regimes. This
mechanism causes large oscillations in the pressure drop, enabling investigation of the
gas-liquid flow by analysis of the pressure drop signal. The other bubble formation
mechanism is due to the high turbulence intensity induced by the high shear forces
between the rotor and the stator. Liquid vortices, created by the turbulent shear, in-
teract with the continuous gas-liquid interface and draw a gas neck from the interface.
Pinch-off of small (db ≤ s) type II gas bubbles occurs when this gas neck becomes
unstable. This vortex mechanism does not affect the pressure drop in a significant
way.

The two mechanisms of bubble formation result in three distinct flow regimes in
the bottom rotor-stator cavity. At low Reω, in the gas spillover regime, the gas is
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dispersed as type I bubbles, resulting in a relatively low gas-liquid interfacial area.
Increasing Reω results in a heterogeneous dispersion of coexisting type I and type II
bubbles. In this regime the gas-liquid interfacial area is increased, but the bubble size
distribution is very wide. Increasing Reω further results in a homogeneous dispersion
of type II bubbles, with a large and well defined interfacial area. Image analysis shows
that at a constant Reω and φL, a maximum amount φII

G,max of gas can be dispersed
as type II bubbles. If φG < φII

G,max, φG is completely dispersed as type II bubbles
(φII
G = φG, φI

G = 0). If φG > φII
G,max, an amount of φII

G = φII
G,max is formed as type II

bubbles, the remaining φI
G = φG − φII

G,max spills over the rim as type I bubbles.

Values of φII
G,max = f(Reω, φL) are determined in two ways: directly from the absence

of large pressure fluctuations and type I bubbles in the pressure drop signal and high
speed image series, respectively, and by spectral analysis of the pressure drop signal.
Both methods are shown to be in reasonable agreement, validating spectral analysis
of the pressure drop signal as a method to investigate gas-liquid hydrodynamics in
an rs-SDR. This is a valuable tool during the actual operation of spinning disc re-
actors, where the process can be continuously monitored without the need for visual
observations. It is shown that φII

G,max increases with Re2.33
ω and linearly with εloc.

This shows that the formation of type II bubbles is directly governed by the local
turbulence intensity, which supports the observations of bubble formation by liquid
vortices. The value of φII

G,max increases with increasing φL, which is due to a more
efficient type II bubble generation, possible attributed to the increasing irregularities
on the liquid film with increasing φL.
Using results from the spectral analysis a flowmap of the hydrodynamic regimes in
the bottom rotor-stator cavity is presented. This is a useful tool in the design and
operation of rotor-stator spinning disc reactors for multiphase reactions. Although
in the current work the dependency of reactor dimensions and fluid properties is not
investigated, the direct correlation between φII

G,max and εloc indicates the turbulence
intensity close to the rim of the rotor determines the nature of the gas dispersion in
an rs-SDR. Therefore established correlations for εloc [36] can be employed to apply
the current findings to scaled-up reactors and different reaction fluids.
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Appendices

A Local energy dissipation

The frictional torque on one side of the rotor is given by [36]:

τ =
∫ rD

0

∫ 2π

0
r2τ0drdθ (A1)

For the regime of merged turbulent boundary layers the moment coefficient is given
by [36]:

CM = 0.0311s− 1
4 ν

1
4 (ωrD)− 1

4 (A2)

with CM defined as:

CM = 2τ
ρω2r5

D

(A3)

Combination of Equations A1, A3 and A2 yields:

1
20.0311ρs− 1

4 ν
1
4ω

7
4 r

19
4
D =

∫ rD

0

∫ 2π

0
r2τ0drdθ (A4)

which yields for τ0:

τ0 = 0.0119ρs− 1
4 ν

1
4 (ωr)

7
4 (A5)

For a 10 · 10−3 ring at the rim of the disc, approximately the position of bubble
formation (see Section 5.4.1), the specific local energy dissipation εloc is given by the
surface integral of τ0ωr over the surface of the ring, divided by the volume of the ring:

εloc =
∫ rD
rD−0.01

∫ 2π
0 τ0(ωr)rdrdθ∫ rD

rD−0.01
∫ 2π

0
∫ s

0 rdrdθdz
(A6)
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To determine εloc experimentally, it has to be related to the total energy dissipation
rate Edr, which is determined experimentally using Equation 5.6. Edr, for two sides
of the disc, is given by the surface integral of τ0ωr over the entire disc:

Edr = 2
∫ rD

rr,i

∫ 2π

0
τ0(ωr)rdrdθ (A7)

Combining Equations A5 and A7, and lumping all dependencies except r into a pro-
portionality constant α yields Equation 5.5:

Edr = 2α
∫ rD

rr,i

r
11
4 rdr (5.5)

Using Equations 5.6 and 5.5 yields an experimentally obtained value of α. This
value of α is subsequently used to obtain an experimental value for εloc, by rewriting
Equation A6 into Equation 5.4:

εloc =
α
∫ rD
rD−0.01 r

11
4 rdr

π
(
r2
D − (rD − 0.01)2

)
s

(5.4)
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B Features in top and bottom cavity images

Figure B1: Example images of the top and bottom cavity. The main features in the images are
indicated, in reference to a schematic representation of gas-liquid flow in a rotor-stator cavity.
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C Greyscale to black and white conversion

Figure C1: Example images of (a) original and (b) black and white images used for determining
the projected area of type II bubbles. It is clear that the white pixel clusters are not perfectly
describing the real bubbles. Since the projected areas are only used for mutual comparison, and
not to quantitatively determine a holdup, it is assumed that structural errors are similar for all
conditions. Conditions: φG = 6 · 10−6 m3s−1,φL = 6 · 10−6 m3s−1, Reω = 1.9 · 106. Camera
settings: ts = 1 µs, f = 5130 Hz.
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D Type I bubble sizes

Figure D1: Exemplary images of the bottom rotor-stator cavity, showing a decrease in type I bubble
size for an increase in Reω of 0.4 to 0.8 · 106 and a constant type I bubble size for an increase in Reω

of 0.8 to 1.5 · 106. Conditions: φG = 30 · 10−6 m3s−1,φL = 6 · 10−6 m3s−1. Camera settings: ts = 1
µs, f = 5130 Hz.
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E Values of S as function of Reω
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Figure E1: Values of S as a function of Reω and φG for φL = 6·10−6 m3s−1, obtained from the PSD of
the normalised pressure drop signals. The value of S decreases sharply for Reω > 0.4 ·106, indicating
the transition from the gas spillover to the heterogeneous dispersion regime. For Reω > 0.4 · 106, S
increases due to the increasing sealing pressure of the liquid seal at the rim of the rotor. At a critical
value of Reω (e.g. Reω > .7 · 106 for φG = 60 · 10−6 m3s−1), S decreases sharply with increasing
Reω . This indicates the transition from the heterogeneous to the homogeneous dispersion regime.
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in a rotor-stator cavity

This chapter has been published as:
De Beer, M.M., Keurentjes, J.T.F., Schouten, J.C., Van der Schaaf, J., 2016. Con-
vective condensation in a stator-rotor-stator spinning disc reactor. AIChE J., doi:
10.1002/aic.15275.

Abstract

In this Chapter centrifugal intensification of condensation heat transfer in the rotor-
stator cavities of a stator-rotor-stator spinning disc reactor (srs-SDR) is studied, as
a function of rotational velocity ω, mass flow rate φm and average temperature driv-
ing force ∆T . The contributions of the top and bottom rotor-stator cavities to the
overall condensation rate, and the average condensation heat transfer coefficients are
presented. In the top cavities, the vapour condenses as a thin liquid film on the rotor,
while in the bottom cavities, vapour bubbles are dispersed in a continuous subcooled
condensate liquid phase. For the current range of ω, heat transfer from the vapour
bubbles to the condensate liquid is limiting the condensation process, due to a rela-
tively low gas-liquid interfacial area aGL. For ω > 84 rad s−1, a strong increase of
aGL results in increasing the reactor-average condensation heat transfer coefficient
hc, up to 5600 Wm−2K−1 at ω = 115 rad s−1. Condensation heat transfer in the
srs-SDR is enhanced by rotation, independent of the vapour velocity. The intensified
condensation (in comparison to passive condensers) comes at the cost of relatively
high energy dissipation rates, indicating condensation in the srs-SDR is more suited
as a means to supply heat (e.g. in an intensified reactor-heat exchanger), rather than
for bulk cooling purposes.
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6.1 Introduction

Convective condensation processes are an integral part of the chemical process in-
dustry, e.g. as unit operation in distillation processes, in refrigeration cycles and in
the supply of heat to chemical reactors with integrated heat exchange. Applying a
condensing fluid as a source of heat allows reactor operation at a fairly constant tem-
perature, depending on the pressure drop, and condensation heat transfer coefficients
are generally high compared to single phase coefficients [1]. Therefore, intensification
of reactor-heat exchangers for endothermic processes leads to increasing condensation
rates, and requires a higher degree of control. The rate of condensation is generally
limited by the removal of evaporation enthalpy through the formed liquid film [2].
Consequently, research efforts to increase the convective condensation heat transfer
coefficient hc, focus on decreasing the condensate film thickness and/or increasing the
turbulence intensity in the liquid film. This can be realised by both passive (without
the input of an external force, apart from pressure drop) and active (with the input
of an external force) means.

Passive convective condensers can easily be integrated within chemical reactors, and
include horizontal or vertical tubes [3, 4, 5, 6, 7], plate heat exchangers (PHE) [8, 9, 10]
and minichannels [11, 12, 13]. Surface enhancement techniques such as the corrugated
surface of a PHE [8] and micro-fins in tubes and PHEs [9, 14] increase hc by a
factor 2-3 compared to their smooth equivalents, which is explained by increased
convection within the liquid film. With an increasing hc, the pressure drop ∆P over
the condenser length increases as well. For all passive convective condensers (i.e.
plain as well as enhanced surfaces), hc is mainly determined by the local vapour shear
stress. This is caused by the large difference in volumetric flow rate, and with it the
superficial velocity, of the vapour and condensate phases; the high shear stress at the
gas-liquid interface decreases the liquid film thickness and induces turbulence in the
liquid film. This dependency of hc on the vapour velocity causes the local value of hc
to decrease along the condenser length: the vapour fraction, and with it the vapour
velocity, decreases with the extent of condensation. Typically, for vapour qualities
below xG = 0.5− 0.7, hc strongly decreases, eventually reaching the limit of laminar,
liquid phase convection [4, 8, 14]. Apart from this deteriorating performance at high
degrees of condensation, the large variation in hc along the condenser length makes
control of the process in an integrated reactor-heat exchanger more difficult as well.

Alternatively, hc can be increased using active methods of enhancement, of which
the application of centrifugal fields [15] is most widely applied. For the case of film
condensation on a rotating disc in a quiescent vapour environment (termed ’free disc’),
it is shown both theoretically [16, 17, 18] as well as experimentally [19, 20, 21] that
application of a centrifugal force decreases the condensate film thickness and thus
increases hc. For condensation on a free disc hc ∝ ω0.4−0.5 and hc is independent of the
radial position on the disc. Combined with the absence of dependency of hc on vapour

In Chapter 6 dimensionless numbers are used in the comparison to tubular and plate condensation.
The relevant dimension for these dimensionless numbers (Re = vdhν

−1, Nud = hdhk
−1, Fr =

φ
′′2
m g−1d−1

h
ρ−2

GL and We = φ
′′2
m dhρ

−1
GLσ

−1) is the hydraulic diameter dh.
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velocity (as is the case for passive convective condensers), this makes centrifugal
film condensation attractive for intensification of condensation processes. However,
scalability and direct integration of a free disc as rotating condensing surface into
an actual reactor is problematic. Consequently, no chemical reactor with integrated
centrifugally enhanced condensation has been presented so far.
A possible solution is the stator-rotor-stator spinning disc reactor (srs-SDR) [22]: a
novel continuous flow reactor which indeed has a rotating heat exchanging surface.
A single stage of the srs-SDR, schematically depicted in Figure 6.1, consists of a
stationary disc (inner stator), enclosed by a rotating cylindrical housing (rotor), which
is again enclosed by a stationary cylindrical housing (outer stator). In this way two
separate rotor-stator cavities are obtained, sharing a common rotor which acts as heat
exchanging surface. This allows the vapour phase to condense on the rotor surface in
the exterior cavity, while the endothermic process in the interior cavity withdraws the
enthalpy of evaporation. The axial gap between the rotor and both stators is small
(typically in the order of 10−3 m). The resulting high velocity gradient induces large
shear forces on the fluid between the rotor and the stator, leading to high turbulence
intensities and large interfacial areas in case of multiphase flows. High volumetric
rates of mass [23, 24, 25] and (single phase) heat transfer [22, 26] have been reported
for rotor-stator cavities.

Figure 6.1: Schematic representation of a single stator-rotor-stator stage, adapted from [22]. It
consists of a stationary disc (inner stator), enclosed by a rotating cylindrical housing (rotor), which
is again enclosed by a stationary cylindrical housing (outer stator), as shown in (a). Thus, two
separate rotor-stator cavities are obtained, sharing the same rotor which is the heat exchanging
surface. The axial gap between rotor and both stators is low, typically in the range of millimetres.
Nomenclature of all relevant dimensions of the srs-SDR are shown in (b).

The current work studies the condensation of a pure vapour inside the rotor-stator
cavities of an srs-SDR. The contributions of the top and bottom rotor-stator cavities
to the overall condensation rate are estimated to gain understanding of the conden-
sation process and its limitations in the srs-SDR. The influence of rotational velocity,



118 Forced convection condensation in a rotor-stator cavity

volumetric throughflow rate and temperature driving force is determined. Further-
more, average heat transfer coefficients for convective condensation in the srs-SDR
are presented and compared to conventional passive condensation and centrifugally
enhanced thin film condensation. Section 6.2 presents a brief description of the gas-
liquid hydrodynamics in rotor-stator cavities and describes the condensation heat
transfer for each hydrodynamic region. The steady state heat transfer model ap-
plied to obtain the experimental condensation heat transfer coefficients is presented
in Section 6.3, while the experimental setup and procedures are described in Section
6.4. Results are presented and discussed in Section 6.5, followed by the conclusion in
Section 6.6.

6.2 Rotor-stator gas-liquid flow

The respective contribution of the top and bottom cavities of the srs-SDR to the
overall condensation rate primarily depends on the local vapour-condensate flow char-
acteristics. The flow of vapour and condensate phases in the srs-SDR is assumed to
be analogous to inert gas-liquid flow in a rotor-stator spinning disc reactor. For a
broad range of gas and liquid volumetric flow rates, a thin liquid film (either smooth
or with surface disturbances, suchs as waves and ripples [27, 28, 29, 30, 31]) forms
on the top of the rotor and a gas dispersion in a continuous liquid forms in the bot-
tom rotor-stator cavity [32, 33]. This is schematically depicted in Figure 6.2. The
similarity in flow regimes of condensing and inert gas-liquid rotor-stator systems is
due to the rotational motion of the rotor. The condensing vapour in the exterior
rotor-stator cavities of the srs-SDR flows from top to bottom, as indicated in Figure
6.2. As the vapour contacts the rotor surface, which has a surface temperature below
the saturation temperature Tb of the vapour, a liquid condensate film forms, which is
subsequently centrifugally accelerated. In the top rotor-stator cavity this results in a
thin liquid film on the rotor flowing radially outwards, with the vapour as continuous
gas phase between the liquid film and the stator. In the bottom cavity the centrifugal
acceleration of the liquid increases the liquid holdup, resulting in a continuous liquid
phase. The excess of vapour which is not condensed in the top cavity is dispersed as
bubbles in the bottom rotor-stator cavity. The thin film and dispersed bubble regions
are discussed in Sections 6.2.1 and 6.2.2, respectively.

6.2.1 Thin film region

The condensation in the thin film region of the srs-SDR is analogous to film con-
densation on a free disc. A major difference however, is that the feed of the thin
film region in the srs-SDR is a vapour-condensate mixture (except for the top stage),
whereas in the case of free disc condensation the feed is pure vapour. This initial
influx of condensate φ0

L results in a thicker condensate film, and with it in a lower
hc, compared to the case of free disc condensation. The influence of φ0

L on the film
thickness δF is given by:
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Figure 6.2: Schematic representation of the vapour-condensate flow in the exterior cavities of the
srs-SDR. In the top cavity a thin condensate film forms on top of the rotor, while in the bottom
cavity vapour bubbles are dispersed in a continuous condensate phase.
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The derivation of Equation 6.1 is presented in Appendix A. For the case of no con-
densation (∆T = 0 K), Equation 6.1 reduces to the equation of laminar thin film
flow, with φ0

L as liquid feed rate [34]. Moreover, for φ0
L = 0 m3s−1 and rr,1 = 0

m, Equation 6.1 reduces to the correlation for laminar free disc condensation with
negligible inertia [16]. The assumption of negligible inertia is shown to be valid for
cp∆T/∆Hvap < 0.1 [16, 35], which is satisfied for all measurements in the current
work. The theoretical correlation for laminar free disc condensation with negligible
inertia, obtained by hF = kL/δF , is shown to consistently overestimate the experi-
mental values by approximately 25% [19]. Therefore, the heat transfer coefficient for
the film region in the srs-SDR is estimated by:

hF = 0.75kL
δF

(6.2)
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Although the assumption of a laminar condensate film in estimating hF does not
appear to be appropriate for high rotational velocities (maximum Reω = 1.9 · 106

for the condensing stream in the current work), Nandapurkar and Beatty [19] show
that the difference between their experimental values and the theoretical correlation
of Sparrow and Gregg with negligible inertia [16] is approximately constant (+25 %)
up to Reω = 4 · 107. This apparent validity of laminar assumptions at high rotational
velocities is possibly explained by the low condensate film thickness. According to
Equation 6.1, δF = 10−6 to 10−5 m, for the operating conditions of the current work.
For such thin films, absence of turbulence has been observed up to high rotational
velocities (e.g. up to Reω = 2 · 106 [27]).
In the first rotor-stator stage, where pure vapour enters and little condensate is
present, a liquid condensate film forms as the vapour comes in contact with the cold
rotor surface. According to Equation 6.1 with φ0

v,L = 0, δF = 5 to 10 · 10−6 m in the
first stage. Despite this low film thickness, dry spots on the rotor surface, as observed
for inert rotating liquid films at low liquid flow rates and low rotational velocities [31],
are not expected to occur. When a dry spot forms, the vapour is in direct contact
with the cold surface and will condense rapidly. Therefore, a continuous condensate
film is expected to form, despite the low δF . At the final stage, where φv,L is maxi-
mum, the liquid film thickness is in the order of 1 · 10−5 to 5 · 10−5 m, which makes
the presence of turbulence and significant surface disturbances such as ripples and
waves [28, 29, 30, 31], unlikely [27]. Therefore, Equations 6.1 and 6.2 are expected
to yield a reasonable estimation of hF for all stator-rotor-stator stages at the current
operating conditions, even though the condensate flow rate increases with increasing
stage number. It should be noted that the presence of surface disturbances can not
be ruled out completely, but Nandapurkar and Beatty [19] show that the assumption
of a continuous, laminar condensate film predicts hF fairly well for a wide range of
operating conditions.

6.2.2 Dispersed bubble region

In the bottom rotor-stator cavity vapour bubbles are dispersed in a continuous liquid
condensate phase, similar to the inert gas-liquid flow in a rotor-stator spinning disc
reactor [32, 33]. Depending on the volumetric gas flow rate φG and ω, two types
of bubbles form in the bottom cavity: large, irregular bubbles with a diameter db
much larger than the rotor-stator axial gap s and a wide spread in size distribution,
and small bubbles (db ≤ s) with a narrow size distribution. This is schematically
depicted in Figure 6.2. For the condensing stream in the current work, with φG up
to 712 · 10−6 m3s−1 and Reω up to 1.9 · 106, most of the vapour is dispersed as large
bubbles [33]. These large bubbles move radially inward at a high radial velocity,
due to the centrifugal force and the density difference between the vapour and the
condensate [32]. The condensate phase recirculates due to the radial outwards velocity
at the rotor and a radial inwards velocity at the stator [36, 37, 38, 39]. This causes
the holdup of gas in the dispersed region to be low, typically below 0.1 m3

Gm−3
R [23].

The transfer of heat from a large saturated vapour bubble to the rotor surface (the
cooling surface) proceeds in two steps, see Figure 6.3. First, as the vapour bubble
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Figure 6.3: Schematic representation of condensation heat transfer in the bottom rotor-stator cavity
of the srs-SDR. At the interface between the vapour bubble and condensate, vapour condenses and its
latent heat is transferred into the condensate film between the bubble and the rotor, and subsequently
from the film to the rotor surface. Given the high liquid recirculation rate and high radial inward
velocity of the vapour bubble, it is likely that the film liquid quickly mixes up with the bulk liquid
in the cavity.

moves radially inward, vapour condenses at the gas-liquid interface and its latent heat
is transferred from this interface into the liquid film between the bubble and the rotor
surface. This is characterised by hGLaGL, with (Tb−TF ) as driving force. The second
step is the transfer of heat from the film liquid towards the rotor surface. Given the
high liquid recirculation rate and high radial inward velocity of the vapour bubble
(i.e. short vapour-condensate contact time), it is likely that the film liquid quickly
mixes up with the bulk liquid in the cavity. The heat transfer from the bulk liquid
to the rotor surface is expected to be similar to values of single phase fluid-rotor heat
transfer, hextr ar (where ar = ArV

−1
R = s−1). Therefore, values of hextr are taken

from De Beer et al. [22], correcting for DCM as a fluid with (Prdcm/Prwater)1/2 and
(Prdcm/Prwater)3/5 for the laminar and turbulent regimes, respectively [38]. This
leaves values of hGLaGL to be experimentally determined. The values of hGLaGL
and hextr ar in series approximately represent the overall heat transfer coefficient in
the bottom rotor-stator cavity. It should be noted that a small degree of vapour
superheating (< 5°C) is neglected in the current work; this is expected to introduce
an error of less than 0.5% in the obtained heat transfer coefficients [40].

6.3 Modelling approach

A steady state heat transfer model, depicted schematically in Figure 6.4, is employed
to describe the fluid flow and heat transfer in the srs-SDR. In the exterior cavities,
pure DCM vapour is condensing, cooled by water in the interior cavities. Values of
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Figure 6.4: Schematic representation of the steady state heat balances for each separate ideally stirred
tank in the interior cavity Vm, as defined in the fluid flow model. The plug flow regions at low radial
positions are modelled as forty ideally-stirred tank reactors in series, while the well-stirred region
at high radial positions is modelled as a single ideally stirred tank. The heat transfer area differs
per tank Vm, as is defined in Section 6.3. The temperature in the exterior cavity is assumed to be
constant at Tb,av =

(
Tb,in + Tb,out

)
/2.
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hGLaGL and hc are obtained by fitting the experimentally obtained outlet temperature
of the cooling water (in the interior cavity) to the heat transfer model using non-linear
least square regression (matlabr). The heat transfer model employed in the current
work is a modification of the model presented by De Beer et al. [22], for liquid-liquid
heat exchange in the srs-SDR. The flow of water in the interior cavity is modelled as
a combination of radial plug flow at low radial positions and ideally stirred regions at
high radial positions [39], with the radial position of transition given by [39, 26]:

rinttrans

rints,o

=
(

1
0.1262

Cintw

(Reintω )4/5

) 5
13

(6.3)

in which Cintw is the dimensionless throughflow velocity in the interior cavity. The
heat transfer model consists of energy balances for each ideally-stirred tank describing
the single phase fluid flow in the interior cavity. For each tank in the interior cavity
Vm, the energy balance is given by:

d
dt (VmρLcp,LTm) = ρLcp,Lφ

int
L (Tm−1 − Tm) + UrAr,m (Tb,av − Tm) + ...

− UsAs,m (Tm − Tn) + Edr,m

= 0

(6.4)

where Vn is the tank opposite of Vm on the other side of the stator. Steady state
is approached by solving Equation 6.4 for each tank for large t (t/τm > 1000) using
matlabr ODE15s solver routine.

The temperature in the exterior cavity is assumed to be constant, as an estimation
Tb,av = (Tb,in + Tb,out) /2 is used. In reality, the pressure, and with it Tb, decreases
per stage [41]. Since the condensation heat transfer coefficients are assumed to be
constant for all stages, see Section 6.3.1, assuming the arithmetic mean for Tb,av
does not effect the estimated values hc and hGLaGL: the underestimated Tb in the
first stage is compensated by the overestimated Tb in the last stage. Tb,in and Tb,out
are determined from the inlet and outlet pressure, respectively, using the Antoine
equation for DCM:

log10

(
P

1 · 105

)
= y1 −

y2

y3 + T − 273.15 (6.5)

with y1 = 4.07622, y2 = 1070.070 and y3 = 223.240 [42]. Supersaturation of the
vapour is neglected in the parameter estimation and complete condensation at the
outlet is prevented, see Section 6.4.2.
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The dissipation energy in volume Vm is determined by:

Edr,m =
∫ rm

rm−1

Edr,locr dr =
∫ rm

rm−1

αr
11
4 r dr (6.6)

where the local energy dissipation Edr,loc is assumed to be proportional to r
11
4 [37,

33]. The proportionality constant α is obtained from experimental values of Edr, see
Section 6.4.2:

Edr = 2
(∫ rints,o

rr,i

αr
15
4 dr +

∫ rD

rr,1

αr
15
4 dr

)
(6.7)

The rotor heat transfer area of Vm is Ar,m = π
(
r2
m+1 − r2

m

)
. However, for rm > rr,2,

Ar,m = 0, since the effective heat transfer area is considered to be the annulus on
the rotor from rr,1 to rr,2, see Section 6.4.1. The stator heat transfer area of Vm is
As,m = π

(
r2
m+1 − r2

m

)
. For the interior cavity As is the annulus between rints,i and

rints,o . For Vm outside those boundaries, As,m = 0.
The overall heat transfer coefficient through the stator Us is defined as:

Us =
(

1
hs

+ δs
ks

+ 1
hs

)−1
(6.8)

with the fluid-stator heat transfer coefficient hs determined for water by: [26, 43]

hsrr,2
kwater

= 0.0178Re
4
5
ω

(
Prwater
Prair

) 3
5

(6.9)

6.3.1 Estimated heat transfer coefficients

Values of hGLaGL are estimated by assuming different values of Ur for the top and
bottom cavities, respectively. For the top cavity:

Ur =
(

1
hintr

+ δr
kr

+ 1
hF

)−1
(6.10)

in which hintr is the fluid-rotor heat transfer coefficient for the water in the interior
cavities. Values of hintr as a function of ω are assumed to be equal for the plug flow
and well-stirred regions, and taken from [22] for water. Values of hF are estimated
using Equations 6.1 and 6.2, with φ0

L evaluated after each stage and φ0
L = 0 m3s−1

in the first stage. For the bottom stage, UrA is defined as:
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UrA =
(

1
hintr Ar,m

+ δr
krAr,m

+ 1
hextr Ar,m

+ 1
hGLaGLV

)−1
(6.11)

in which hGLaGLV is the fitting parameter, and hextr the fluid-rotor heat transfer
coefficient for DCM in the exterior cavities. Values of hextr are taken from [22], cor-
recting for DCM as a fluid with (Prdcm/Prwater)1/2 and (Prdcm/Prwater)3/5 for the
laminar and turbulent regimes, respectively [38].

Reactor average condensation heat transfer coefficients hc are estimated by assuming
Ur is constant in the entire reactor and defined by:

Ur =
(

1
hintr

+ δr
kr

+ 1
hc

)−1
(6.12)

in which hc is the actual fitting parameter.

6.4 Experimental

6.4.1 Experimental setup

Figure 6.5 displays a schematic representation of the experimental setup. The srs-SDR
consists of three stator-rotor-stator stages and a rotating conical gas-liquid separatori.
A single stator-rotor-stator stage exists of a stationary disc (the inner stator) attached
to a central shaft, enclosed by a rotating cylindrical housing (the rotor) which is in
turn again enclosed by a stationary cylindrical housing (the outer stator). The rotor
is driven by a SEW Eurodrive CFM71M, up to ω = 209 rad s−1. Attached to the
rotor is the gas-liquid separator for the inner cavity, with separate outlets for both
phases. Since in the current work a single liquid phase was used in the interior cavity,
the gas-liquid separator was not utilised and only a single outlet was used.

The radii of the rotor and inner stators are rD = 71 · 10−3 m and rints,o = 58.5 · 10−3

m, respectively. The axial and radial gaps between rotor and both stators are s =
∆rs = 2 · 10−3 m. The rotor thickness is δr = 1 · 10−3 m between rr,1 = 28 · 10−3 m
and rr,2 = 60.5 · 10−3 m and 10.5 · 10−3 m for r < rr,1 and r > rr,2. Therefore the
effective heat transfer area per stage is Ar = 2π(r2

r,2−r2
r,1) = 0.018 m2. The thickness

of both the inner and outer stators is δs = 4 · 10−3 m. The thermal conductivity of
both rotor and stators is kr,s = 16 Wm−1K−1 [44]. The reactor volume per stage is
V intR = 48.0 · 10−6 m3 for the interior rotor-stator cavity and V extR = 65.8 · 10−6 m3

for the exterior cavity.
iPlease note that a description of the srs-SDR setup is given in [22]. For the sake of clarity a brief

description is included in the current work as well.
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Figure 6.5: Schematic representation of the stator-rotor-stator spinning disc reactor. It consists of
three separate stator-rotor-stator stages and a rotating conical gas-liquid separator (which is not
employed in the current work). The maximum rotational velocity ω = 126 rad s−1. The outer rotor
radius rD = 71 · 10−3 m. The axial gap between the rotor and both stators s = 2 · 10−3 m. Liquid
dichloromethane is fed to the continuous evaporator, which is subsequently fed as vapour to the top
of the exterior cavity. The (partially) condensed DCM is withdrawn at the bottom and cooled down
further in the collection vessel. Cooling liquid (demineralised water) is fed at the bottom of the
interior cavity, withdrawn at the top and recycled to the second cooling vessel. The heat exchanging
liquids thus flow in countercurrent mode through the reactor. Fluid temperatures were measured
at the in- and outlets of both reactor cavities, as well as directly at the exit of the bottom exterior
cavity. Gauge pressures were measured at the in- and outlets of both cavities. The total current to
the motor was monitored to determine the torque exerted on the rotor.
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Liquid dichloromethane (DCM, supplied by VWR Chemicals, GPR RECTAPUR
grade) was fed to a continuous direct evaporator (aDROP aSTEAM DV1), the mass
flow rate was controlled by a coriolis mass flow controller (Rheonik RHM 04), up to
φextm = 3.2 · 10−3 kg s−1 (limited by the pressure drop over the evaporator). The
vapour was fed to the srs-SDR at the top of the exterior cavity, (partially) condensed
and withdrawn at the bottom. The condensate was collected in a 10 · 10−3 m3 vessel,
where it was cooled to 20°C via internal coils (Lauda ECO RE 630, ±0.02 K). The
vessel was kept at atmospheric pressure. The cooling liquid (demineralised water)
was fed at the bottom inlet of the interior cavity and withdrawn at the top; the
liquid in the interior cavity flowed in countercurrent mode with respect to the fluid
in the exterior cavity. The liquid was fed from a 10 · 10−3 m3 vessel, where it was
cooled via internal coils (Lauda WKL4600, ±0.5 K). The liquid volumetric flow rate
was controlled by a coriolis mass flow controller (Bronkhorst Cori-Flow M55), up to
φintL = 25 · 10−6 m3s−1. The reactor was completely enclosed by a stainless steel
casing lined with double layers of HT/Armaflex insulation.
Fluid temperatures were measured using platinum resistive temperature detectors
(PT100 1/10 DIN, ±0.06°C). Temperatures were measured at the inlet and outlet
of the exterior cavity (T extin and T extout , respectively), in the outlet-line of the exterior
cavity (T extx ) and in the inlet-line and at the outlet of the interior cavity (T intx and
T intout , respectively). The real inlet temperature of the interior cavity, T intin , could not
be determined by an energy balance (as was done in [22]. However, the amount of
heat transferred in the concentric tube between T intx and T intin is small compared to qT
(less than 4% in the case of liquid-liquid heat transfer [22]). Therefore, in the current
work, T intx is used as inlet temperature of the interior cavity. Absolute pressures
were measured (Keller piezoresistive pressure transmitter type PAA-33X, ±400 Pa)
at the inlet and outlet of the exterior rotor-stator cavity, to determine Tb,in and Tb,out,
respectively. According to Equation 6.5, this yields an accuracy of Tb ± 0.11 °C.

6.4.2 Heat transfer measurements

Prior to measurements the exterior cavity was purged to make sure no air is trapped
inside. This was done by reversing the liquid DCM flow (i.e. feeding at the bottom
and withdrawing at the top) and alternating rotation between ω = 0 and 126 rad s−1,
until gas bubbles were no longer observed to be exiting the reactor.
Heat transfer rates, qT , were determined from the overall steady state balance between
the energy absorbed by the cooling water in the interior cavities and the energy
delivered by the condensing vapour in the exterior cavities, Equation 6.13. qT ranged
between 233− 585 W.

d

dt
(ρV H) = cextp,Gφ

ext
m

(
T extx − Tb,in

)
+ (1− xG,out)φextm ∆Hvap + ...

− ρLcintp,LφintL
(
T intout − T intx

)
+ 3Eextdp + 3Eintdp + 3Edr − Eloss

= 0

(6.13)
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In this overall energy balance, the first term of the right-hand side of Equation 6.13
represents the cooling down of the vapour to its boiling point. The mass flow rate of
DCM in the exterior cavity was φextm = 1.6 ·10−3 and 3.2 ·10−3 kg s−1 (±0.08 ·10−3 kg
s−1), corresponding to volumetric vapour flow rates of φextG = 346− 712 · 10−6 m3s−1

at inlet conditions (P extin = 1.12− 1.65 · 105 Pa). The exterior side inlet temperature
ranged between 48−50.9°C (by controlling the evaporator outlet temperature), which
was 2 − 5 K above the saturation temperature. The resulting vapour superheat
was < 1.6% of qT . The second term in the right-hand side of Equation 6.13 is
the rate of energy supplied by the condensation of a fraction (1 − xG,out) of the
vapour, with ∆Hvap evaluated at Tb,av. For all measurements xG,out > 0. The third
term in the right-hand side of Equation 6.13 is the rate of energy absorbed by the
cooling water. The volumetric flow rate in the interior cavity was kept constant at
φintL = 20 · 10−6 m3s−1 (±0.08 · 10−6 m3s−1), corresponding to Cintw = 341. The
interior side feed temperature T intx was varied between 30− 40°C to vary the average
driving temperature for condensation ∆T = Tb,av − (T intout + T intx )/2, between 3 and
6 K. 3Eextdp and 3Eintdp in Equation 6.13 represent the rates of energy production due
to the pressure drop in the exterior and interior cavities, respectively. Since the inlet
of the exterior cavity was pure vapour, the mechanical energy dissipation rate due to
pressure drop is given by:

3Eextdp =
∫ Pin
Pout

φGdP =
∫ Pin
Pout

φmRT
Mw

1
P dP = PoutφGln Pin

Pout
(6.14)

where the ideal gas law is assumed. 3Eextdp was < 3.7% of qT . 3Eintdp = φintL ∆P intT

[45] was maximum 0.24% of qT . 3Edr is the rate of energy produced by friction due
to the rotational motion of the rotor. The rotational velocity ranged between 0 and
126 rad s−1 (±0.05 rad s−1). The rotational energy dissipation rate per stage Edr
was calculated using the torque exerted on the rotor, Equation 6.15. Values of τ were
obtained from the measured current I supplied to the motor, from which the internal
current losses of the motor I0 were subtracted, multiplied by the motor characteristics
τc = 0.98 NmA−1 and Ic = 4 A.

Edr = ωτ
3 = ω(I−I0)τcIc

3 (6.15)

Eloss is the rate of energy loss to the environment, and was estimated from De Beer
et al. [22]. Eloss was maximum 3.9% of qT . The total, specific energy dissipation rate
was calculated as:

ε = Edr+Edp
VR

(6.16)

Duplicate measurements were performed for the heat transfer measurements, the stan-
dard deviation of the determined values of hc and hGLaGL is indicated by errorbars.
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6.5 Results and discussion

6.5.1 Condensation in the top and bottom cavities

Figure 6.6(a) shows experimentally obtained values of hGLaGL as a function of ω for
∆T = 5 K andii φm = 1.6 · 10−3 kg s−1, as well as calculated values of hrar and
hFar for stages 1 to 3 for ∆T = 5 K. Figure 6.6(b) shows hGLaGL as a function of
ω, ∆T and φm. For the bottom cavity, values of hGLaGL are more than a factor 5
lower than hrar, Figure 6.6(a). This indicates that the condensation in the bottom
cavity is limited by the transfer of heat from the vapour-condensate interface into the
condensate film. This is explained by the expected flow regime in the bottom cavity,
as discussed in Section 6.2.2. The value of aGL is low due to the vapour being mainly
dispersed as large bubbles, which have a relatively low specific surface area (compared
to small bubbles). From estimations of inert gas-liquid flow in a rotor-stator spinning
disc reactor, aGL is expected to be an order of magnitude lower than ar = 500 m2

i m−3
R ,

for ω ≤ 84 rad s−1 [32]. The convective heat transfer from the liquid condensate to
the rotor surface is very efficient [22, 26], due to the high liquid recirculation rate
induced by the rotational motion of the rotor.
With increasing ω, hGLaGL increases, see Figure 6.6(b). This is explained by the
combined effect of an increasing aGL, as the vapour is more dispersed as small bubbles
with a higher specific surface area [32, 33], and an increased turbulence intensity in the
condensate film between the vapour bubble and the rotor surface [46]. The observed
hGLaGL ∝ ω2.44 is very similar to observations of kGLaGL (i.e. mass transfer) in
a rotor-stator spinning disc reactor [23]. Moreover, the increase of hGLaGL is most
pronounced for ω > 84 rad s−1, which coincides with the ω where kGLaGL [32], and
indeed aGL [32, 33] increase strongly. The values of hGLaGL increase with increasing
∆T . This is explained by the subcooling of the liquid condensate, which is caused by
the large difference between hGLaGL and hrar, and the low gas holdup (or high liquid
recirculation rate). The subcooling, which increases with increasing ∆T , increases the
thermal capacity of the very thin condensate film between the vapour bubble and the
rotor surface, which increases the average temperature driving force for heat transfer.
This results in higher apparent values of hGL. This effect is analogous to liquid film
saturation in the case of gas-liquid mass transfer [46]. The effect of subcooling is most
pronounced at high ω: the increased heat transfer rate with increasing ω results in
more efficient cooling of the continuous condensate. Since, for the current operating
conditions, ε is more than a factor 15 lower than hrar∆T , the energy generated by
dissipation is not expected to effect the subcooling of the condensate. At constant
ω, the values of hGLaGL increase with increasing φm. Increasing the vapour flow
rate increases the frequency of large vapour bubble formation [33]. This results in
more gas-liquid interface, which leads to an increased aGL [32]. The effect of φm on
hGLaGL is less pronounced than the effect of ω. This is because increasing φm mainly
increases the amount of large vapour bubbles, while increasing ω leads to increased
amount of vapour being dispersed as small bubbles [33], with a higher aGL.

iiSince the results presented here only concern the exterior cavity, the superscript ext is omitted.
All discussed quantities concern the exterior cavity, unless specified otherwise.
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Figure 6.6: Experimentally obtained values of (a) hGLaGL as a function of ω for ∆T = 5 K and
φm = 1.6 · 10−3 kg s−1, as well as calculated values of hrar and hF ar for stages 1 to 3 for ∆T = 5
K and (b) hGLaGL as function of a ω, ∆T and φm .

The calculated values of hFar increase with increasing ω and decrease with increas-
ing stage number (due to an increasing φ0

L), in accordance with Equation 6.1, see
Figure 6.6(a). The overall heat transfer in the bottom cavity (hGLaGL and hrar in
series) is more than a factor 2 lower than the heat transfer in the top cavity (hFar).
This is attributed to the gas-liquid interface in the bottom cavity being one order of
magnitude lower than in the top cavity [32]. For high values of ω (at least ω > 250
rad s−1, see Figure 6.6), hrar is expected to become the limiting resistance in the
bottom cavity, due to the strong increase of hGLaGL with increasing ω. In this case
hF ∝ ω0.5 (Equation 6.1) in the top cavity and hr ∝ ω0.8 [22] in the bottom cavity.

6.5.2 Overall condensation performance

Figure 6.7 displays the experimentally obtained values of the reactor-average conden-
sation heat transfer coefficient hc as a function of ω and (a) ∆T for φm = 1.6 · 10−3

kg s−1 and (b) φm for ∆T = 5 and 6 K. The predicted average value for tubular
condensation under similar conditions as the srs-SDR (see Appendix B), is indicated
by the dashed line. The dotted line indicates the experimental correlation for thin
film condensation on a rotating free disc, using Equations 6.1 and 6.2, with ∆T = 3
K, φ0

L = 0 m3s−1 and rr,1 = 0 m. Figure 6.7 shows that hc increases with increasing
ω, up to hc = 5600 Wm−2K−1 at ω = 115 rad s−1 and ∆T = 5 K. The increase of hc
with increasing ω is most pronounced for ω > 84 rad s−1, while for ω < 84 rad s−1,
hc is a weak function of ω. This is explained by the increasing value of hGLaGL in
the bottom cavity for ω > 84 rad s−1, as shown in Figure 6.6(a), due to the increased
intrinsic turbulence intensity and increased aGL. An increase in aGL is reflected in hc
because the overall heat transfer coefficient in the bottom cavity consists of hGLaGL
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Figure 6.7: Experimentally obtained values of hc as a function of ω and (a) ∆T for φm = 1.6·10−3 kg
s−1 and (b) φm for ∆T = 5 and 6 K. The values of hc, representing a reactor-average condensation
heat transfer coefficient of the srs-SDR, increase strongly with increasing ω for ω > 84 rad s−1

at constant φm; condensation in the srs-SDR is enhanced by rotation, independent of the vapour
throughflow velocity. The dashed line indicates the predicted average value for tubular condensation
under similar conditions as the srs-SDR (see Appendix B), while the experimental correlation for
thin film condensation on a rotating free disc (using Equations 6.1 and 6.2, with ∆T = 3 K, φ0

L = 0
m3s−1 and rr,1 = 0 m) is indicated by the dotted line.

and hrar in series, and in the determination of hc, ar is assumed as heat transfer area.
The value of hc increases with increasing φm as well, but the influence of φm is much
smaller compared to the influence of ω. The values of hc at low ω are close to the
predicted average value for tubular condensation. This indicates that at low ω, hc is
mainly dominated by the throughflow velocity, as is the case for passive convective
condensation [3, 4, 8], while at high ω rotation enhances the condensation process.
The values of hc in the srs-SDR are up to 50% lower than values for thin film con-
densation on a free disc. This is explained by the low aGL in the bottom cavities at
low ω, which limits the average effectivity of condensation in the srs-SDR, as shown
in Figure 6.6. At ω = 126 rad s−1, hc is close to values of the free disc. Given
the expected further increase of aGL [32, 33], for ω > 126 rad s−1 the condensation
performance of the srs-SDR is expected to be higher than condensation on a free disc.

It should be noted that in the current work, DCM is used as a model fluid. Therefore,
the obtained values of hc are values specific for condensation of DCM. However, the
results can be generalised by using fluid property scaling, using Pr 1

4−Pr 2
5 [3, 6, 8, 16].

The increase of hc with increasing ω comes at the expense of a higher energy input,
due to rotational energy dissipation and (mainly vapour phase) pressure drop. Figure
6.8 displays hc as a function of ε, as determined from Equation 6.16. The values of
hc are described, within ±15%, by (adjusted R2 = 0.91):
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Figure 6.8: Values of hc as a function of ε. The observed hc ∝ ε1.12 reflects an intrinsic increase in
turbulence intensity [46] as well as an increase of vapour-condensate interface in the bottom cavity
[33].

hc = 1.6 · 10−3ε1.12 + 1.7 · 103 (6.17)

where hc is in Wm−2K−1 and ε is in Wm−3
R . The observed hc ∝ ε1.12 again reflects

an intrinsic increase in turbulence intensity [46] as well as an increase of vapour-
condensate interface in the bottom cavity [33]. It should be noted that Equation 6.17
is only valid as long as hGLaGL is limiting the condensation rate in the bottom cavity.
In case hGLaGL is no longer limiting, which is not expected to occur for ε < 2 · 106

Wm−3
R (see Section 6.5.1), hc is determined by hF and hr. In this case turbulence in

the liquid condensate flow is fully developed and hc ∝ ε0.29 is expected [37, 38, 22].

Figure 6.9 displays hc as a function of ε for the srs-SDR (Equation 6.17), in comparison
to passive condensation in tubes (Appendix C) and PHEs (Appendix D). For the srs-
SDR, the solid line with square markers indicates the experimental range of ε in the
current work, while the dashed line with square markers is an extrapolation using
Equation 6.17. For ε = 104 − 105 Wm−3

R , hc of the srs-SDR is close to the values
for tubular condensation, as was shown in Figure 6.7 as well. At these relatively low
values of ε, condensation in a PHE exhibits higher values of hc, which was observed
for single phase heat transfer in PHEs as well [22]. With increasing ε, hc ∝ ε1.12 for
the srs-SDR (Figure 6.8), while for passive condensation hc ∝ ε0.2−0.3. At ε = 5.8 ·106

Wm−3
R , the maximum value in the current work, hc for the srs-SDR is slightly higher

compared to passive condensers. For ε > 5.8 ·106 Wm−3
R , the difference in hc between

the srs-SDR and passive condensers is expected to increase, as indicated in Figure
6.9. The main reason for this difference is that due to rotation in the srs-SDR,
condensation is enhanced for the entire range of vapour qualities; hc does not decrease
at low vapour qualities as is the case for passive condensation. Moreover, for passive
condensers, increasing the vapour velocity to increase hc, always increases ∆P (and
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Figure 6.9: Values of hc as a function of ε for the srs-SDR (Equation 6.17), in comparison to passive
condensation in tubes (Appendix C) and PHEs (Appendix D). For the srs-SDR, the solid line with
square markers indicates the experimental range of ε in the current work, while the dashed line
with square markers in an extrapolation using Equation 6.17. Intensification of condensation rates
is possible in an srs-SDR, albeit at relatively high energy dissipation rates.

thus ε), which leads to a decrease of the average vapour velocity. Since in the srs-SDR,
hc is increased by rotation, independently of throughflow velocity, the energy input
is used more effectively. Therefore, it is concluded that intensified condensation is
possible in a stator-rotor-stator spinning disc reactor, albeit at relatively high energy
dissipation rates.

6.6 Conclusion

Condensation of a pure vapour inside the rotor-stator cavities of a stator-rotor-
stator spinning disc reactor is studied, as a function of rotational velocity, volumetric
throughflow rate and average temperature driving force. The contributions of the top
and bottom rotor-stator cavities to the overall condensation rate, as well as average
condensation heat transfer coefficients are presented. In the top cavities, the vapour
condenses as a thin liquid film on the rotor, which is analogous to rotating thin film
condensation on a free disc [16], except for an inital condensate influx being present.
The film heat transfer coefficients hF in these top cavities are estimated using a com-
bination of the analysis of an inert rotating liquid film [34] and thin film condensation
[47]. In the bottom rotor-stator cavities, vapour bubbles are dispersed in a continu-
ous subcooled condensate liquid phase. The condensation heat transfer in the bottom
cavities is limited by the heat transfer from the vapour-condensate interface to the
bulk condensate liquid, characterised by hGLaGL. For the current range of rotational
velocities (up to ω = 126 rad s−1), hGLaGL is limiting the condensation process in
the srs-SDR. This is due to the low vapour-condensate interface [23, 33], especially
for ω ≤ 84 rad s−1. For ω > 84 rad s−1, hGLaGL rapidly increases: hGLaGL ∝ ω2.44.
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The increase in hGLaGL results in an increasing reactor-average condensation heat
transfer coefficient hc with increasing ω. For ω > 84 rad s−1, condensation in the
srs-SDR is mainly determined by the rotation velocity, independent of the vapour
throughflow velocity. This is a fundamental difference with passive condensation (e.g.
in tubes or plate heat exchangers), where hc is mainly determined by the vapour su-
perficial velocity. Moreover, since the gas-liquid flow regimes in the srs-SDR are
similar for a wide range of gas and liquid flow rates [33], hc is expected to be approx-
imately constant for a wide range of vapour qualities. Therefore, the srs-SDR allows
for better control of the condensation process for all vapour qualities. For ω ≤ 84
rad s−1, hc in the srs-SDR is close to value for convective condensation in tubes,
while for ω = 126 rad s−1, hc approaches values obtained in thin film condensation
on a rotating free disc. This is explained by the strong increase in aGL for ω > 84
rad s−1 [32, 33]. For the current range of rotational velocities, the performance of
the srs-SDR, in terms of hc as a function the specific energy input ε, is comparable
to condensation in tubes and PHEs. For higher values of ε (ε > 5.8 · 106 Wm−3

R ),
the srs-SDR is expected to outperform passive condensers. It is therefore concluded
that intensified condensation is possible in a stator-rotor-stator spinning disc reactor,
yielding an extra degree of freedom (i.e. the rotational velocity) and an absence of
a strong decrease in hc at low vapour qualities. The intensified condensation comes
at the cost of relatively high energy dissipation rates, indicating condensation in the
srs-SDR is more suited as a means to supply heat (e.g in an intensified reactor-heat
exchanger), rather than for bulk cooling purposes.
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Appendices

A Derivation rotating film thickness with initial
liquid influx

The derivation of a condensing liquid film with initial liquid influx is based on the
laminar, thin film analysis of Rahman and Faghri [34]. For the sake of clarity, their
analysis (Equations A1 to A5) is reproduced here. Starting from the Navier-Stokes
equations and continuity equation in cylindrical coordinates [45] and assuming [34]:

1. vz � vθ

2. ∂
∂z �

∂
∂r since δF � rD

3. vr � vθ

4. vθ = ωr

5. P ≈ constant
6. gω−2r−1 � 1

yields:

d2vr
dz2 = − v2

θ

νLr
= −ω

2r

νL
(A1)

Integration of Equation A1 and applying the boundary conditions (vr = 0 at z = 0
and dvr/dz = 0 at z = δF ) yields:

vr = ω2r

νL

(
δF z −

z2

2

)
(A2)

Integration of vr across δF yields the average radial velocity:

vr,av = ω2rδ2
F

3νL
(A3)

Conservation of mass gives:

φL = 2πrvr,avδF (A4)

Combining Equations A3 and A4 produces the result of Rahman and Faghri [34]:
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δF =
(

3νLφL
2πω2r2

) 1
3

(A5)

The energy balance for the condensing vapour, similar to Nusselt’s analysis of laminar
film condensation [47], is given by:

dφL
2πrdr = q

′′

ρL∆Hvap
= hc∆T
ρL∆Hvap

= kL∆T
δF ρL∆Hvap

(A6)

Combination of Equation A6 and A5, yields:

φ
1
3
LdφL = kL∆T

ρL∆Hvap

(
2πω2

3νL

) 1
3

r
2
3 2πrdr (A7)

3
4φ

4
3
L

∣∣∣φL
φ0
L

= 2πkL∆T
ρL∆Hvap

(
2πω2

3νL

) 1
3 3

8r
8
3

∣∣∣r
rr,1

(A8)

where φ0
L is the initial condensate influx at r = rr,1. This yields for φL:

φL =
((
φ0
L

) 4
3 + πkL∆T

ρL∆Hvap

(
2πω2

3νL

) 1
3 (
r

8
3 − r

8
3
r,1

)) 3
4

(A9)

Substitution of Equation A9 into Equation A5 yields Equation 6.1:

δF =


3νL

((
φ0
L

) 4
3 + πkL∆T

ρL∆Hvap

(
2πω2

3νL

) 1
3
(
r

8
3 − r

8
3
r,1

)) 3
4

2πω2r2


1
3

(6.1)

For the case of no condensation (∆T = 0 K), Equation 6.1 reduces to the equation
of laminar thin film flow, with φ0

L as liquid feed rate [34]. Moreover, for φ0
L = 0

m3s−1 and rr,1 = 0 m, Equation 6.1 reduces to the correlation for laminar free disc
condensation with negligible inertia [16].
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B Comparison to tubular condensation

To compare hc in the srs-SDR at low ω to the value for tubular condensation, the
tubular mass flux is assumed to be the average mass flux in the rotor-stator cavities:

φ
′′

m = φextm

A⊥
= φextm

2πrs (B1)

where A⊥ is evaluated at r = (rr,1 + rr,2) /2 to yield an average mass flux. In ac-
cordance with Akers et al. [3] an equivalent mass flux is used in the definition of
ReE :

ReE =
φ
′′

m,Edh

µL
(B2)

with:

φ′′m,E = (1− xG)φ
′′

m + xGφ
′′

m

(
ρL
ρG

) 1
2

(B3)

where xG = (xG,in + xG,out) /2 is the average vapour fraction of the condensing
stream. For comparison between the srs-SDR and tubular condensation, xG,in = 1,
xG,out = 0.15 and dh = s = 2 · 10−3 m. For ReE < 5 · 104, Nud is calculated by [3]:

Nud = hcdh
kL

= 5.03Re
1
3
EPr

1
3 (B4)

This yields an average heat transfer coefficient for condensation in a tube of hc = 2575
Wm−2K−1 for the conditions in the srs-SDR at ω = 0 rad s−1.
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C Thermo-hydraulic correlations for tubular
condensation

The mechanical energy dissipation for full condensation of a pure vapour is determined
by the gas phase pressure drop (since the inlet is pure vapour at Patm + ∆P ), which
is determined by Equation 6.14:

ε =
PatmφGln Pin

Patm

VR
=
Patmφ

′′

mρ
−1
G lnPatm+∆PGL

Patm

L
(C1)

The mass flux is defined as φ′′m = φm/(0.25πd2
h). The two-phase pressure drop ∆PGL

for a tubular condenser is estimated by [48]:

(
∆P
L

)
GL

= Φ2
L

(
∆P
L

)
L

(C2)

The two-phase multiplier Φ2
L is determined by [2, 49]:

Φ2
L =a1 + 3.24x0.78

G (1− xG)0.24
(
ρL
ρG

)0.91(
µG
µL

)0.19
· ... (C3)

... ·
(

1− µG
µL

)0.7
Fr−0.0454We−0.035

with a1 = (1− xG)2 + x2
G
ρLfG
ρGfL

, Fr = φ
′′2
m

gdhρ2
GL

and We = φ
′′2
m dh
ρGLσ

. For the full conden-
sation of a pure vapour, an average vapour fraction of xG = 0.5 is assumed. The gas
and liquid Fanning friction factors are determined by [45, 50]:

fj = 0.079Re−
1
4

j (C4)

where j = L,G and

Rej = φ
′′

mdhµ
−1
j (C5)

The average gas-liquid density is determined by:
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ρGL =
(
xG
ρG

+ 1− xG
ρL

)−1
(C6)

The liquid phase pressure drop is determined by [45]:

(
∆P
L

)
L

= 2fLφ
′′2
m ρ
−1
L d−1

h (C7)

With ∆PGL known, an average pressure of Pav = (2 · Patm + ∆PGL) /2 is evaluated.
Using Pav, a new average value of ρG is evaluated, assuming the ideal gas law: ρG =
(PavMw) / (RTav). Tav is evaluated at Pav using Antoine’s Equation 6.5. With this
new value of ρG, Equations C2 to C7 are iterated, until ∆PGL is constant (deviation
< 0.1%). Average condensation heat transfer coefficients are estimated by the widely
used correlation of Shah [6]:

hc = hr

(
0.55 + 2.09

(
(Pav
Pcr

)−0.38
)

(C8)

with hr = 0.023Re0.8
L Pr0.4kLd

−1
h [6, 51] and Pcr = 61 · 105 Pa [42]. Alternatively, hc

for tubular condensation is estimated by the correlations of Akers et al. [3]:

hcdhk
−1
L = 5.03Re

1
3
EPr

1
3 ReE < 5 · 104 (B4)

hcdhk
−1
L = 0.0265Re

4
5
EPr

1
3 ReE > 5 · 104 (C9)

with ReE defined in Equation B2.
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D Thermo-hydraulic correlations for plate
condensation

The mechanical energy dissipation for full condensation of a pure vapour in a plate
heat exchanger is determined by Equation C1, with φ

′′

m = φm/(0.25πd2
h). The two-

phase pressure drop is determined by [8]:

(
∆P
L

)
GL

= 2fGLφ
′′2
m ρ
−1
GLd

−1
h (D1)

where ρGL is determined by Equation C6. The two-phase friction factor is determined
from [8]:

fGL = 94.75Re−0.0467
E Re−0.4

L Bo0.5
(
Pav
Pcr

)0.8
(D2)

where ReE is defined in Equation B2, ReL is defined in Equation C5, Pav = (2·Patm+
∆PGL)/2, Pcr = 61 · 105 Pa [42] and Bo = q

′′
φ
′′−1
m ∆H−1

vap. A constant value of
q
′′ = 1 kWm−2 is assumed. With ∆PGL known, a new average pressure of Pav =

(2 · Patm + ∆PGL) /2 is evaluated. Using Pav, a new average value of ρG is evaluated,
assuming the ideal gas law: ρG = (PavMw) / (RTav). Tav is evaluated at Pav using
Antoine’s Equation 6.5. With this new value of ρG, Equations C2 to C7 are iterated,
until ∆PGL is constant (deviation < 0.1%). Quality average heat transfer coefficients
are determined from [8]:

hc = 4.118Re0.4
E Pr1/3kLd

−1
h (D3)
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7 Forced convection boiling in a
rotor-stator cavity
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convection boiling in a stator-rotor-stator spinning disc reactor. AIChE J., doi:
10.1002/aic.15274.

Abstract

This Chapter studies the boiling of a pure fluid inside the rotor-stator cavities of a
stator-rotor-stator spinning disc reactor (srs-SDR). The influence of rotational veloc-
ity ω, average temperature driving force ∆T and mass flow rate φm is determined.
The average boiling heat transfer coefficient hb increases a factor 3 by increasing ω
from 0 to 105 rad s−1, independently of ∆T and φm. The boiling performance of
the srs-SDR, in terms of hb versus specific energy input ε, is similar to tubular boil-
ing, where pressure drop provides the energy input. The srs-SDR allows operation
at ε > 105 Wm−3

R , yielding values of hb not practically obtainable in passively en-
hanced evaporators, due to prohibitively high pressure drops required. Since hb is
increased independently of the superficial vapour velocity, hb is not a function of φm
and the local vapour fraction. Therefore, the srs-SDR enables a higher degree of con-
trol and flexibility of the boiling process, compared to passively enhanced flow boiling.
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7.1 Introduction

Forced convection boiling processes are widely encountered in the (chemical) process
industry, e.g. in evaporative separations, in refrigeration cycles and in withdrawing
heat of highly exothermic reactions [1, 2]. Intensification of boiling heat transfer
reduces the required heat exchange area, which reduces the capital costs and the space
requirements. Moreover, it allows the application of a lower temperature driving force
∆T , which is thermodynamically favourable and essential in utilisation of low-grade
heat streams using vapour recompression. Intensification of flow boiling is realised
by increasing the boiling heat transfer coefficient hb, and by efficient removal of the
formed vapour phase from the heat exchanging surface.
The heat transfer in forced convection boiling occurs via two parallel mechanisms, viz.
nucleate boiling and convective evaporation [3, 4, 5, 6, 7]. Both mechanisms contribute
to the overall value of hb. Nucleate boiling is the formation of vapour bubbles at the
heat exchanging surface, due to a high local superheating of the liquid. The formation
of bubbles induces convection on a microscale, which leads to high values of hb,
similar to pool boiling [1, 8, 9]. Convective evaporation is the macroscale fluid forced
convection, with evaporation occurring at the liquid-vapour interface. Typically, at a
high heat flux q

′′ , obtained at a high ∆T , and a low vapour superficial velocity vG,
hb is dominated by the nucleate boiling mechanism, resulting in a high value of hb.
At a high vapour velocity (at a high mass flow rate φm or a high vapour fraction
xG), nucleate boiling is suppressed due to a more effective withdrawal of the local
superheat by forced convection [10, 11], resulting in lower values of hb, compared to
the nucleate boiling regime [5, 6]. In this convective evaporation regime, hb increases
with increasing turbulence in the liquid and decreasing distance between the heat
exchanging surface and the liquid-vapour interface [1, 5, 6].
Industrially, boiling processes are mainly operated in the convective evaporation
regime, despite the high hb obtainable in the nucleate boiling regime [2]. This is
due to the (economically) limited ∆T available, e.g. by the compressor capacity in
the case of vapour recompression, and the relatively high mass flow rates which need
to be processedi. Moreover, for evaporative separation applications, the local full
evaporation of liquid encountered in nucleate boiling, promotes fouling of the heat
exchanging surface [1, 15]. Therefore, intensification of boiling heat transfer focusses
on increasing the convective evaporation process, mainly by increasing the turbulence
in the evaporating liquid and by decreasing the distance between heating surface and
vapour-liquid interface by creating a thin liquid film. Enhancement of convective
evaporation is realised by passive means, such as corrugated plates [16, 17] and finned
surfaces [18], and by active means, such as rotating surfaces [19, 20, 21, 22, 23]. In
passive evaporators, the convective heat transfer is largely determined by the shear

In Chapter 7 dimensionless numbers are used in the comparison to tubular boiling. The relevant
dimension for these dimensionless numbers (Re = vdhν

−1, Nud = hdhk
−1, Fr = φ

′′2
m g−1d−1

h
ρ−2

GL

and We = φ
′′2
m dhρ

−1
GLσ

−1) is the hydraulic diameter dh.
iOperation in the nucleate boiling regime is more common in small scale cooling applications, such

as in electronic circuits [12, 13, 14]. In this case, mass flow rates can be low and a high ∆T is
always present.
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stress between the vapour and liquid phases, which makes it a strong function of
xG. Moreover, for boiling inside the small confinement of passively enhanced heat
exchangers, dry-out of the heating surface can occur at relatively low vapour qualities
(xG > 0.4) [24, 25, 26]. Intensification of convective evaporation with a centrifugal
field increases hb independently of vG (in contrast with passive methods), mainly due
to a decreased liquid film thickness [21, 23]. This results in high values of hb over
the entire range of xG and a better control of the evaporation process. Therefore,
centrifugally enhanced evaporation appears to be an attractive means to intensify
boiling processes. However, in order to apply this centrifugal enhancement in the
process industry, convenient scale-up and integration of a rotating heat exchanging
surface into a chemical reactor is required.

Figure 7.1: Schematic representation of a single stator-rotor-stator stage, adapted from [27, 28]. It
consists of a stationary disc (inner stator), enclosed by a rotating cylindrical housing (rotor), which
is again enclosed by a stationary cylindrical housing (outer stator), as shown in (a). Two separate
rotor-stator cavities are obtained, which share a common rotor as the heat exchanging surface. The
axial gap between rotor and both stators in low, typically in the range of millimetres. Nomenclature
of all relevant dimensions of the srs-SDR are shown in (b).

The stator-rotor-stator spinning disc reactor (srs-SDR), a novel continuous flow re-
actor with an integrated rotating heat exchanging surface, possibly offers a way to
realise centrifugal intensification of boiling processes. In the srs-SDR, high values of
convective single phase [27] and condensation heat transfer coefficients [28] are ob-
tained. A single stage of the srs-SDR is schematically depicted in Figure 7.1. The
srs-SDR consists of a stationary disc (the inner stator), which is enclosed by a rotating
cylindrical housing (the rotor), forming the interior rotor-stator cavities. The rotor
is again enclosed by a stationary cylindrical housing (the outer stator), creating the
exterior rotor-stator cavities. The physically separated rotor-stator cavities share a
common rotor, which can therefore act as a heat exchanging surface [27, 28]. A small
axial gap, in the order of 10−3 m, exists between the rotor and both stators. This
small gap, and the large difference in tangential velocity between the rotor and the
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stators results in a high velocity gradient, which induces a large shear force on the
fluid flowing between the rotor and the stators. The large shear force leads to high
turbulence intensities and large interfacial areas in case of multiphase flows, which
results in high volumetric rates of mass [29, 30, 31] and heat transfer [27, 28] obtained
in rotor-stator spinning disc reactors.
The current work applies the srs-SDR to study the possibility of intensified evapora-
tion of a pure liquid in a rotor-stator cavity. As a test fluid, dichloromethane, DCM,
is evaporated in the interior cavities of the srs-SDR; the heat of evaporation is sup-
plied by preheated water in the exterior cavities. The vapour-liquid hydrodynamics
and heat transfer in case of boiling in the interior rotor-stator cavities are briefly
discussed in Section 7.2. The steady state heat transfer model applied to obtain the
experimental boiling heat transfer coefficients is presented in Section 7.3, while the
experimental setup and procedures are described in Section 7.4. Experimentally ob-
tained values of hb, and the influence of rotational velocity, volumetric throughflow
rate and temperature driving force on the boiling process are presented in Section
7.5, followed by the conclusion in Section 7.6.

7.2 Liquid-vapour flow in rotor-stator cavities

Figure 7.2: Schematic representation of the liquid-vapour flow for a boiling liquid in the interior
cavities of the srs-SDR. In the bottom cavity vapour bubbles accumulate at the inner stator surface,
a liquid film flows centrifugally outwards on top of the rotor. In the top cavity a continuous liquid
forms, in which vapour bubbles coming from the bottom cavity are dispersed.

The heat transfer in forced convection boiling is a strong function of the vapour-liquid
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hydrodynamics. For a boiling liquid flowing from bottom to top in the interior cavity
of the srs-SDR, a liquid film forms on the rotor in the bottom rotor-stator cavity and
a gas dispersion forms in the top cavity. This is schematically depicted in Figure 7.2.
In the bottom rotor-stator cavity, vapour bubbles (formed on the rotor surface and/or
fed from the previous stator-rotor-stator stage) accumulate at the inner stator surface
due to the centrifugal force and density difference between vapour and liquid phases.
On the rotor surface a liquid film is accelerated radially outwards; the boiling process
in the bottom cavity is similar to rotating thin film boiling [20, 32]. In case of
nucleate boiling, bubbles form in the liquid film and merge with the accumulated
vapour at the inner stator. In the forced convective evaporation regime, heat is
transferred convectively from the rotor surface, through the liquid film, to the vapour-
liquid interface where evaporation occurs. Increasing ω mainly leads to a smaller film
thickness [20, 21], which results in a higher heat transfer rate. The thin liquid film
on the rotor with a continuous vapour phase on top of it, in the bottom cavity of the
srs-SDR for a boiling liquid, is analogous to the inert gas-liquid flow in the top cavity
of an rs-SDR [33, 34].

Figure 7.3: Schematic representation of boiling heat transfer in the top rotor-stator cavity of the
srs-SDR. Heat is transferred from the rotor surface into the bulk liquid phase. Subsequently, heat
is transferred from the liquid film between the vapour bubble and the rotor, to the liquid-vapour
interface, where the evaporation of liquid withdraws the sensible heat. Given the high liquid recir-
culation rate and high radial inward velocity of the vapour bubble, it is likely that the film liquid
quickly mixes up with the bulk liquid in the cavity.

In the top cavity, the angular velocity of the liquid and the density difference between
the vapour and the liquid, induces a net centrifugal force to act on the liquid phase,
increasing its holdup. Therefore, a continuous, highly recirculating [35, 36] liquid
phase is present in the top cavity of the srs-SDR. In analogy with inert gas-liquid
flow in an rs-SDR, vapour bubbles form at the rotor rim [27], are dispersed in the
continuous liquid phase and are accelerated centrifugally inwards. As a function of
the volumetric vapour flow rate and the rotational velocity, two types of bubbles are
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formed: large, irregular bubbles with a diameter db much larger than the rotor-stator
axial gap s and small bubbles (db ≤ s) with a narrow size distribution [29, 34]. With
increasing db, the centrifugal force acting on the vapour bubbles increases, which
decreases the vapour hold-up [29]. In case of nucleate boiling vapour bubbles form on
the rotor surface in the dispersed region as well. The transfer of heat from the rotor
surface to the vapour-liquid interface of the bubble, proceeds (similar to the case of
condensation [28]) in two steps: from the rotor surface to the bulk liquid (characterised
by hrar) and from the bulk liquid to the liquid-bubble interface (characterised by
hGLaGL). This is schematically depicted in Figure 7.3. Increasing ω increases both
hr [27] (which is assumed to be similar to single phase convection due to the rapid
mixing of the film and bulk liquid) and hGLaGL. The increase in hGLaGL is due to
an increased turbulence intensity in the liquid film between the bubble and the rotor
surface [37], which increases hGL, and due to more vapour being dispersed as small
bubbles with a high aGL [27, 33].

7.3 Modelling approach

The values of hb are determined by fitting the experimentally obtained outlet tem-
perature of the heating water (in the exterior cavities) to a steady state heat transfer
model using non-linear least square regression (matlabr). This heat transfer model
is analogous to the model presented for a condensing fluid in the exterior cavities of
the srs-SDRii [28], and is depicted schematically in depicted schematically in Figure
7.4. Pure liquid DCM evaporates in the interior cavities, heated by water flowing in
the exterior cavities.

The single phase flow of heating water in the exterior cavities is modelled as a com-
bination of radial plug flow at low radial positions (modelled as forty ideally stirred
tanks in series) and a single ideally stirred region at high radial positions [36]. The
transition between radial plug flow and ideally stirred regions is assumed to be a
discrete radial position, given by [36, 38]:

rexttrans

rD
=
(

1
0.0524

Cextw

(Reextω )4/5

) 5
13

(7.1)

in which Cextw is the dimensionless throughflow velocity in the exterior cavity. The
heat transfer model consists of energy balances for each ideally-stirred tank describing
the single phase fluid flow in the exterior cavities. For each tank in the exterior cavity
Vk, the energy balance is given by:

iiThe steady state heat transfer model for an evaporating fluid in the interior cavities of the srs-
SDR is very similar to the case of a condensing fluid in the exterior cavities, as presented in [28].
However, the precise application of the single phase flow and heat transfer models, presented by
De Beer et al. [36, 38], is different. Therefore, the heat transfer model is presented in the current
work as well.
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Figure 7.4: Steady state heat transfer model, based on [27, 28], with energy balances for each separate
ideally stirred tank in the exterior cavity Vk. The plug flow regions at low radial positions are
modelled as forty ideally-stirred tank reactors in series, while the well-stirred region at high radial
positions is modelled as a single ideally stirred tank. The heat transfer area differs per tank Vk,
as is defined in Section 7.3. The temperature in the interior cavity is assumed to be constant at
Tb,av =

(
Tb,in + Tb,out

)
/2.
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d
dt (VkρLcp,LTk) = ρLcpLφ

ext
L (Tk−1 − Tk) + UrAr,k (Tk − Tb,av) + ...

− UsAs,k (Tk − Tn) + Edr,k

= 0

(7.2)

where Vn is the tank opposite of Vk on the other side of the exterior stator. Steady
state is approached by solving Equation 7.2 for each tank for large t (t/τm > 1000)
using matlabr ODE15s solver routine.

The temperature in the interior cavities, where DCM evaporates, is assumed to be con-
stant. As an estimation for the constant boiling temperature Tb,av = (Tb,in + Tb,out) /2
is assumed. Tb,in is determined from the inlet pressure, using the Antoine equation
for DCM:

log10

(
P

1 · 105

)
= y1 −

y2

y3 + T − 273.15 (7.3)

with y1 = 4.07622, y2 = 1070.070 and y3 = 223.240 [39]. Tb,out is determined as
the outlet temperature of the interior cavity. The difference between Tb,in and Tb,out
ranged between 4.1 and 6.8 K. Subcooling of the liquid DCM inlet is minimised, see
Section 7.4.2, and hence neglected in the determination of hb.

The rotor heat transfer area of Vk is Ar,k = π
(
r2
k+1 − r2

k

)
, with Ar,k = 0 for rk > rr,2

(since the effective heat transfer area is considered to be the annulus on the rotor
from rr,1 to rr,2, see Section 7.4.1). The stator heat transfer area of Vk is As,k =
π
(
r2
k+1 − r2

k

)
. For the exterior cavity As is the annulus between rexts,i and rexts,o . For

Vk outside those boundaries, As,k = 0.

The overall heat transfer coefficient through the rotor Ur is assumed to be constant
in the entire reactor and is defined as:

Ur =
(

1
hextr

+ δr
kr

+ 1
hb

)−1
(7.4)

in which hextr is the fluid-rotor heat transfer coefficient for the heating water in the
exterior cavities. Values of hextr as a function of ω are assumed to be equal for the
plug flow and well-stirred regions, and taken from [27] for water. hb is the boiling
heat transfer coefficient, the fitting parameter in the steady state model. Since Ur,
and thus hb, is assumed to be constant in the reactor, hb is an overall value for the
boiling heat transfer coefficient. hb includes the contributions to the boiling process
of both the bottom and the top rotor-stator cavities, i.e. of the liquid film region and
the dispersed vapour bubble region, as discussed in Section 7.2. Estimation of the
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separate heat transfer contributions of both hydrodynamic regions, as was attempted
for the case of a condensing fluid [28], was considered unfeasible due to the high degree
of uncertainty of the contribution of nucleate boiling in the film region. Therefore, the
current work is limited to a reactor-average value of hb, which describes the overall
boiling performance of the srs-SDR.

The overall heat transfer coefficient through the stator, Us, is defined as:

Us =
(

1
hs

+ δs
ks

+ 1
hs

)−1
(7.5)

with the fluid-stator heat transfer coefficient hs for water determined by:: [38, 40]

hsrr,2
kwater

= 0.0178Re
4
5
ω

(
Prwater
Prair

) 3
5

(7.6)

The energy lost to the environment is estimated to be small (maximum 3.3% of the
total amount of heat transferred) and is therefore neglected in the determination of
hb. The dissipation energy in volume Vk is determined by:

Edr,k =
∫ rk

rk−1

Edr,locr dr =
∫ rk

rk−1

αr
11
4 r dr (7.7)

The local energy dissipation Edr,loc is assumed to be proportional to r 11
4 [41, 34]. The

proportionality constant α is obtained from experimentally obtained values of Edr,
see Section 7.4.2:

Edr = 2
(∫ rints,o

rr,i

αr
15
4 dr +

∫ rD

rr,1

αr
15
4 dr

)
(7.8)

7.4 Experimental

7.4.1 Experimental setup

The srs-SDR, schematically depicted as part of the setup in Figure 7.5, consists of
three stator-rotor-stator stages and a rotating conical gas-liquid separator. A single
stator-rotor-stator stage exists of a stationary disc (the inner stator) attached to a
central shaft, enclosed by a rotating cylindrical housing (the rotor) which is again
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Figure 7.5: Schematic representation of the experimental setup. Liquid dichloromethane is fed to the
srs-SDR at the bottom of the interior, kept close to Tb by an electric heat tracing. The (partially)
evaporated DCM is withdrawn at the top of the srs-SDR and condensed in the collection vessel.
Heating liquid (demineralised water) is fed at the bottom of the exterior cavity, withdrawn at the
top and recycled to the heating vessel. The heat exchanging liquids thus flow in co-current mode
through the reactor. Fluid temperatures were measured at the in- and outlets of both reactor cavities,
as well as directly at the exit of the bottom exterior cavity. Gauge pressures were measured at the
in- and outlets of both cavities. The total current to the motor was monitored to determine the
torque exerted on the rotor.
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enclosed by a stationary cylindrical housing (the outer stator). The rotor is driven
by a SEW Eurodrive CFM71M, up to ω = 209 rad s−1. In the current work the
gas-liquid separator was not utilised and only a single outlet was used.
The rotor radius is rD = 71 · 10−3 m, the inner and outer radii of the exterior stator
are rexts,i = 30 · 10−3 m and rexts,o = 73 · 10−3 m, respectively. The rotor thickness is
δr = 1 · 10−3 m between rr,1 = 28 · 10−3 m and rr,2 = 60.5 · 10−3 m and 10.5 · 10−3

m for r < rr,1 and r > rr,2. Therefore the effective heat transfer area per stage is
Ar = 2π(r2

r,2 − r2
r,1) = 0.018 m2. The axial and radial gaps between rotor and both

stators are s = ∆rs = 2 · 10−3 m. The thickness of both the inner and outer stators
is δs = 4 · 10−3 m. The thermal conductivity of both rotor and stators is kr,s = 16
Wm−1K−1 [2]. The reactor volume per stage is V intR = 48.0 · 10−6 m3 for the interior
rotor-stator cavity and V extR = 65.8 · 10−6 m3 for the exterior cavity.
Liquid dichloromethane (VWR Chemicals, GPR RECTAPUR grade) was fed at the
bottom inlet of the interior rotor-stator cavity, see Figure 7.5. The mass flow rate
was controlled by a coriolis mass flow controller (Bronkhorst Cori-Flow M55), up to
φintm = 50·10−3 kg s−1. The liquid DCM feed was preheated using electric heat tracing,
in order to minimise the influence of liquid subcooling. The (partially) evaporated
DCM was withdrawn at the top of the interior cavity and collected in a 10 · 10−3 m3

vessel, where it was cooled to 30°C via internal coils (Lauda WKL4600, ±0.5 K). The
vessel was kept at atmospheric pressure. The heating liquid (demineralised water) was
fed at the bottom inlet of the exterior cavity and withdrawn at the top; the liquid in
the exterior cavity flowed in co-current mode with respect to the fluid in the interior
cavity. The liquid was fed from a 10 ·10−3 m3 vessel, where it was heated via internal
coils (Lauda ECO RE 630, ±0.02 K). The liquid volumetric flow rate was controlled
by a coriolis mass flow controller (Rheonik RHM 04), up to φextL = 25 · 10−6 m3s−1.
The reactor was completely enclosed by a stainless steel casing lined with double
layers of HT/Armaflex insulation.
Fluid temperatures were measured using platinum resistive temperature detectors
(PT100 1/10 DIN, ±0.06°C). Temperatures were measured at the inlet and outlet
of the exterior cavity (T extin and T extout , respectively), in the inlet-line of the exterior
cavity (T extx ), and in the inlet-line and at the outlet of the interior cavity (T intx and
T intout , respectively). Absolute pressure was measured (Keller piezoresistive pressure
transmitter type PAA-33X, ±400 Pa) at the inlet of the interior rotor-stator cavity,
to determine Tb,in. According to Equation 7.3, this yields an accuracy of Tb ± 0.11
°C. To avoid influence of pressure changes due to the rotating gas-liquid separator at
the top of the interior rotor-stator cavity on the determined Tb,out, Tb,out was directly
determined from temperature measurements: Tb,out = T intout .

7.4.2 Heat transfer measurements

Prior to measurements the interior cavity was purged to make sure no air is trapped
inside. This was done by alternating rotation between ω = 0 and 126 rad s−1 at a
high liquid DCM flow (φintm = 20 ·10−3 kg s−1) at room temperature, until air bubbles
were no longer observed to be exiting the reactor.
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The total heat transfer rate, qT , was determined from an overall steady state energy
balance:

d

dt
(V ρH) = cintp,Lφ

int
m

(
Tb,in − T intx

)
+ xG,outφ

int
m ∆Hvap + ...

− ρextL cextp,Lφ
ext
L

(
T extin − T extout

)
+ 3Eintdp + 3Eextdp + 3Edr − Eloss

= 0

(7.9)

qT ranged between 270 and 680 W, the heat flux, q” = qT /3Ar, ranged between 5
and 12.6 kW m−2. The mass flow rate of DCM in the interior cavity was φintm =
2.7 · 10−3 and 5.4 · 10−3 kg s−1 (±0.08 · 10−3 kg s−1). The inlet temperatureiii of the
liquid DCM ranged between 33 and 35°C (by using the electric heat tracing), which
was 9 to 15°C below the saturation temperature at the inlet pressure. The value
of cintp,L was determined at the arithmetic average temperature of the liquid DCM.
The resulting sensible heat required to elevate the temperature of the inlet DCM to
Tb,in, the first term of the right-hand side (RHS) of Equation 7.9, was 6 to 11% of
qT . The second term of the RHS of Equation 7.9, with ∆Hvap evaluated at Tb,av,
yields the vapour fraction at the outlet of the exterior cavity xG,out, which ranged
between 0.3 and 0.78. The third term of the RHS of Equation 7.9 is the sensible
heat withdrawn from the heating water. The volumetric flow rate of heating water
in the exterior cavity was kept constant at φextL = 15 · 10−6 m3s−1 (±0.08 · 10−6

m3s−1), corresponding to Cextw = 211, as used in Equation 7.1. The value of cextp,L

was determined at (T extin +T extout )/2. The feed temperature of the heating water was
varied between 46 and 57°C, which resulted in an average temperature driving force
for evaporation ∆T = (T extout + T extin )/2− Tb,av between 3 and 6.5 K. The mechanical
energy input due to pressure drop in the interior cavity 3Eintdp was determined by:

3Eintdp = φintL (Pin − Pout) (7.10)

In the determination of Eintdp only the liquid phase was considered, since the inlet of
the interior cavity was pure liquid DCM. For the exterior cavity 3Eextdp = φextL ∆P extT

[42] was maximum 0.1% of qT . The rotational energy dissipated per stage Edr was
calculated using the torque exerted on the rotor, Equation 7.11. Values of τ were
obtained by measuring the current I supplied to the motor, from which the internal
current losses of the motor I0 were subtracted, and multiplying it by motor charac-
teristics τc = 0.98 NmA−1 and Ic = 4 A. The rotational velocity ranged between 0
and 105 rad s−1 (±0.05 rad s−1), corresponding to Reω = 0 to 1.8 · 106.

iiiIt should be noted that in Equation 7.9, T int
x is used instead of the real inlet temperature of

the interior cavity T int
in . The amount of heat transferred in the concentric tube between T int

x

and T int
in is small compared to qT (less than 4% in the case of liquid-liquid heat transfer [27]).

Therefore, T int
x is used as inlet temperature of the interior cavity.
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Table 7.1: Model sensitivity to measurement uncertainties
parameter uncertainty ± x% hb, avg ± x% hb, max
T extin ±0.06°C 5.0 8.0
T extout ±0.06°C 5.0 8.0
Tb,in ±0.11°C 2.8 4.6
Tb,out ±0.06°C 2.3 3.8
φextm ±0.08 · 10−3 kg s−1 1.1 1.8

Edr = ωτ
3 = ω(I−I0)τcIc

3 (7.11)

The energy lost to the environment Eloss was estimated from De Beer et al. [27], where
steady state measurements with liquid water in both interior and exterior cavities at
constant inlet temperatures were performed. Using these values, Eloss was estimated
to be maximum 3.3% of qT . The total, specific energy dissipation is calculated as:

ε = Edr+Eintdp

VR
(7.12)

Table 7.1 gives an overview of the sensitivity of the value of hb, determined by the
heat transfer model presented in Section 7.3, to the measurement uncertainties. The
average deviation in hb due to measurement uncertainty is ≤ 5%, while the maximum
deviation is ≤ 8%. hb is most sensitive to the temperature measurements in the
heating water flow, i.e. T extin and T extout . This is due to the large absolute value of φextL ;
a small error in the measurement of T ext results in a relatively large error in the total
heat transferred qT .

7.5 Results and discussion

7.5.1 Boiling heat transfer coefficients

Figure 7.6 displays the experimentally obtained values of hb as a function of ω and
∆T , foriv φm = 2.7 · 10−3 kg s−1. Furthermore, the correlation for turbulent liquid
DCM heat transfer in the srs-SDR [27] is shown ( --- ), corrected for DCM as a fluid
with (Prdcm/Prwater)3/5 [35], as well as the predicted values for tubular flow boiling
[5] at conditions similar to the current experiments in srs-SDR (- -), and estimated
values for thin film evaporation on a free disc [21, 43] (- ·). The employed correlations
and assumptions are shown in Appendix A. The values of hb increase with increasing
ivThe results presented in this section only concern the interior cavities. Therefore, the superscript

int is omitted in the discussion; all quantities refer to the interior cavity.
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ω, up to hb = 9500 Wm−2K−1 at ω = 105 rad s−1, while no clear influence of ∆T
on hb is observed for all ω. At ω = 0 rad s−1, hb is relatively close (±11%) to the
values predicted for tubular flow boiling [5], except for ∆T = 3 K, which deviates by
+70%. With increasing ω, hb approaches the value for turbulent single phase convec-
tion in the srs-SDR [27]. This indicates that for low ω, nucleate boiling contributes
significantly (> 50%, according to the applied correlation of [5]) to the overall heat
transfer rate, while for increasing ω, nucleate boiling is partially suppressed and con-
vective evaporation dominates. The suppression of nucleate boiling due to rotation
is explained by the high single phase forced convection heat transfer coefficients ob-
served in rotor-stator cavities [27, 38], which removes the local superheat required for
vapour bubble nucleation, and is observed in centrifugally enhanced thin film boiling
[19, 32]. For pure convective evaporation, hb is assumed to be determined by hrar
and hGLaGL, as indicated in Figure 7.3. Therefore, the fact that hb is larger than hr
for all ω, indicates heat transfer by nucleate boiling contributes up to ω = 105 rad
s−1.

Figure 7.6: Experimentally obtained values of hb as a function of ω and ∆T for φm = 2.7·10−3 kg s−1.
The correlation for turbulent liquid DCM heat transfer in the srs-SDR [27] is shown ( --- ), corrected
for DCM as a fluid with (Prdcm/Prwater)3/5 [35], as well as the predicted values for tubular flow
boiling [5] at conditions similar to the current experiments in srs-SDR (- -), and estimated values
for thin film evaporation on a free disc [21, 43] (- ·). The employed correlations and assumptions
are shown in Appendix A. Values of hb increase a factor 3 by increasing ω up to 105 rad s−1,
independently of ∆T .

To understand the boiling process in the srs-SDR, it is instructive to compare hb to the
convective condensation heat transfer coefficients hc for the srs-SDR, from De Beer et
al. [28], see Figure 7.7. In comparison to hc (Figure 7.7, closed markers), for which
hGLaGL is limiting the overall heat transfer rate [28], hb (Figure 7.7, open markers)
increases with increasing ω at a much lower value of ω. This indicates that for forced
convection boiling in the srs-SDR, hb is mainly determined by hrar, rather than by
hGLaGL. This difference between boiling and condensation heat transfer coefficients
is partially due to the contribution of nucleate boiling to hb. Moreover, for the boiling
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Figure 7.7: Values of hb obtained in the current work (open markers), in comparison to the convective
condensation heat transfer coefficients hc for the srs-SDR, from De Beer et al. [28], shown as solid
markers. The correlation for single phase turbulent heat transfer [27], is shown ( --- ) as reference. In
comparison to hc, hb increases with increasing ω at a much lower value of ω, indicating the forced
convection boiling in the srs-SDR is mainly limited by hr, rather than by hGLaGL.

process, the small vapour bubbles formed in the top rotor-stator cavity, which have a
high aGL, are able to grow and continuously withdraw heat from the liquid. In case
of condensation, these small bubbles, with a typical diameter of less than 1 · 10−3 m
[29] and thus a very small volume, quickly condense and disappear. This leads to low
values of aGL, until ω is large enough to disperse a significant amount of vapour as
small bubbles [28, 34].

Figure 7.8 displays the experimentally obtained values of hb as a function of ω for
φm = 2.7·10−3 and 5.4·10−3 kg s−1, with ∆T = 6.4 and 6.7 K, respectively. Estimated
values of hb for tubular boiling [5] are shown for φm = 2.7 · 10−3 and 5.4 · 10−3 kg
s−1 (- -), deviating −11% and +5%, respectively. For ω > 0 rad s−1, no significant
influence of φm is observed, indicating the forced convective heat transfer from the
rotor to the vapour-liquid interface is increased by increasing ω, independently of φm.
This is in accordance with the increased hr, independently of φm, for single phase
convection in a rotor-stator cavity [27, 38].

Estimated values for thin film evaporation on a free disc are shown in Figures 7.6 and
7.8 (- ·). The employed correlations [21, 43] and assumptions are shown in Appendix
A. The values of hb in the srs-SDR are a factor 1.5 − 2 higher than the estimated
values for rotating thin film evaporation. The large difference at low ω is explained by
the neglect of nucleate boiling in estimating the thin film evaporation coefficients [21].
The values of hr, which largely determines hb, are higher than the thin film values
as well. Figure 7.8 shows the main advantage of boiling in an srs-SDR compared to
rotating thin film evaporation: for the srs-SDR, hb is independent of φm, whereas for
a rotating thin film, hb strongly decreases with increasing φm, due to the increasing
film thickness.
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Figure 7.8: Experimentally obtained values of hb as a function of ω, for φm = 2.7 ·10−3 and 5.4 ·10−3

kg s−1 with ∆T = 6.4 and 6.7 K, respectively. The correlation for turbulent liquid DCM heat transfer
in the srs-SDR [27] is shown ( --- ), corrected for DCM as a fluid with (Prdcm/Prwater)3/5 [35], as well
as the predicted values for tubular flow boiling [5] at conditions similar to the current experiments
in srs-SDR (- -), and estimated values for thin film evaporation on a free disc [21, 43] (- ·). The
employed correlations and assumptions are shown in Appendix A. Values of hb increase a factor 3
by increasing ω up to 105 rad s−1, independently of φm.

7.5.2 Evaporation performance of the srs-SDR

Figure 7.9 displays the values of hb as a function of the specific energy dissipation
rate ε, from Equation 7.12. The values of hb are described within ±20%, by (adjusted
R2 = 0.91):

hb = 481ε0.23 + 1.28 · 103 (7.13)

where hb is in Wm−2K−1 and ε is in Wm−3
R . Equation 7.13 is displayed in Figure

7.9 ( --- ). The observed hb ∝ ε0.23 dependency is reasonably close to the h ∝ ε0.29

dependency for turbulent single phase forced convection in the srs-SDR [27], and to
the h ∝ ε0.25 dependency for fully developed turbulent flows [44]. This indicates
that the increase of hb with increasing ω is indeed mainly due to an increased hr, as
discussed in Section 7.5.1. The values of hb for tubular forced convection boiling are
shown (- -), with values of hb from [5] and ε = vL,in∆P/L (Equation B1), with ∆P
evaluated using a two-phase multiplier [45]. The used correlations and assumptions
are displayed in Appendix B. At high ε, where hb is dominated by forced convective
evaporation, hb for tubular boiling is 25% higher than hb of the srs-SDR. Given the
large uncertainty associated with application of forced convection boiling engineering
correlations in general (for the correlation of [5], mean absolute errors of 24 to 55%
are reported [46, 47, 48]), it is concluded that the boiling performance of the srs-
SDR is comparable to tubular forced convection boiling. It should be noted that
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operating passively enhanced evaporators at ε > 105 is only possible at prohibitively
high pressure drops (∆P/L > 105 Pa m−1 for vL,in = 1 m s−1).
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Figure 7.9: Values of hb as a function of ε, described within 20% accuracy by Equation 7.13. The
observed hb ∝ ε0.23 dependency indicates that the increase of hb with increasing ω is mainly due
to an increased liquid convective heat transfer coefficient hr. The values of hb for tubular forced
convection boiling (- -) as a function of ε = vL,in∆P/L, indicate that the boiling performance of
the srs-SDR is comparable to tubular forced convection boiling.

7.6 Conclusion

Boiling of a pure fluid inside the rotor-stator cavities of a stator-rotor-stator spinning
disc reactor is studied, as a function of rotational velocity, average temperature driving
force and mass flow rate. Values of hb increase a factor 3 by increasing ω up to 105
rad s−1, independently of ∆T and φm. At low ω, hb is close to values for tubular
boiling, while at increasing ω, values for turbulent single phase forced convection hr
are approached. This indicates nucleate boiling is suppressed by increasing ω [19, 32];
the boiling is dominated by forced convective evaporation. Comparison of the heat
transfer coefficients of boiling and condensation processes (from [28]) in the srs-SDR
shows that convective boiling is mainly determined by hrar. Comparison of boiling
in the srs-SDR to rotating thin film evaporation shows the srs-SDR yields a factor
1.5 to 2 higher values of hb, especially at increasing φm.
The boiling performance of the srs-SDR, in terms of hb versus specific energy input,
is similar to tubular boiling, where pressure drop provides the energy input. The srs-
SDR allows operation at high values of ε, enabling high values of hb to be obtained
(e.g. for ε > 105 Wm−3

R , hb > 7000 Wm−2K−1). Operation of passively enhanced
evaporators at ε > 105 Wm−3

R yields prohibitively high pressure drops over the evap-
orator length. Moreover, since hb can be increased independently of the superficial
vapour velocity by ω, hb is not a function of φm and the local xG (as is the case for
passively enhanced boiling). Therefore, the srs-SDR enables a higher degree of control
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and flexibility (e.g. operation at higher pressures) of the boiling process, compared
to passively enhanced flow boiling.
It is concluded that the srs-SDR allows a highly controlled intensification of forced
convection boiling, albeit at the cost of a high energy input. Moreover, in the case of
evaporative separations, fouling is expected to be prevented by the high shear stress
induced by rotating heat exchanging surface [49, 50, 51]. Furthermore, in case of
application of very high heat fluxes, for which surface vapour blanketing becomes
limiting [52, 53], the application of a centrifugal field allows effective removal of the
formed vapour phase [19, 32].
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Appendices

A Comparison to tubular boiling and rotating thin
film evaporation

In order to compare hb in the srs-SDR at low ω to the value for tubular evaporation,
the correlation of Gungor and Winterton [5] is used, due to its relatively wide range
of applicability and good performance for refrigant fluids [1, 46, 48]. The value of hb
is calculated by summation of the convective and nucleate boiling terms:

hb(xG) = FEhr + FShNB (A1)

The liquid convective heat transfer coefficient is calculated by:

hr = 0.023Re0.8
L Pr0.4

L kL/dh (A2)

where ReL = φ
′′

m (1− xG) dhµ−1
L . The hydraulic diameter is assumed to be the rotor-

stator gap distance: dh = s. The value of xG varies from xG,in = 0 to xG,out at ω = 0,
as determined from Equation 7.9 (e.g. for φm = 2.7 · 10−3 kg s−1 and ∆T = 6.4 K,
xG,out = 0.57 and q′′ = 9.2 kW m−2) The mass flux φ′′m is assumed to be the average
mass flux in the interior rotor-stator cavities:

φ
′′

m = φintm
A⊥

= φintm
2πrs (A3)

where A⊥ is evaluated at r = (rr,1 + rr,2) /2 to yield an average mass flux. The
contribution of nucleate boiling hNB is calculated by:

hNB = 55
(
P

Pcr

)0.12−0.0378·log10(Ra)(
−log10

(
P

Pcr

))−0.55
M−0.5
w

(
q
′′
)0.67

(A4)

with the critical pressure Pcr = 63.55 · 105 [54], surface roughness Ra = 1.6 µm and
q
′′ = qT /3Ar. The enhancement factor FE is evaluated from:

FE = 1 + 24000Bo1.16 + 1.37 (1/Xtt)0.86 (A5)

where Bo = q
′′∆H−1

vapφ
′′−1
m and Xtt:
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Xtt =
(

1− xG
xG

)0.9(
ρG
ρL

)0.5(
µL
µG

)0.1
(A6)

The suppression factor FS is calculated using:

FS =
(
1 + 1.15 · 10−6F 2

ERe
1.17
L

)−1 (A7)

The average heat transfer coefficient is evaluated by:

hb =
∫
hb(xG)dxG

xG,out − xG,in
(A8)

This yields an average heat transfer coefficient for tubular evaporation, for φm =
2.7 · 10−3 kg s−1 and ∆T = 6.4 K, of hb = 2815 Wm−2K−1.
Evaporation from a rotating thin liquid film is estimated by neglecting the contribu-
tion of nucleate boiling, and assuming all heat is transferred by conduction through
the liquid film [21, 32, 23]. This is mainly valid at low ∆T and high ω. The ef-
fect of surface evaporation on the heat transfer coefficient is shown to be small [55].
The thickness of a film forming on a rotating disc surface is determined by assuming
laminar flow with negligible inertia [43]. For condensing systems, neglecting iner-
tia is shown to be valid for cp∆T/∆Hvap < 0.1 [56, 57], which is satisfied for the
experimental conditions in the current work. The film thickness is given by [43]:

δF =
(

3νLφL
2πω2r2

) 1
3

(A9)

The local evaporation heat transfer coefficient is estimated by hb = δF /kL. The area
average hb is obtained by integration over r = rr,1 to rr,2 (i.e. the heat transfer
area of the srs-SDR), and over φL = φinL to φoutL at the inlet and at the outlet. φinL
and φoutL are equal to the experimental values in the srs-SDR, and change with the
experimental ∆T . The resulting average hb is given by [21]:

hb =
(

2πω2k3
L

3νL

) 1
3
[

φinL − φoutL(
φinL
)4/3 − (φoutL )4/3

][
r

8/3
r,2 − r

8/3
r,1

r2
r,2 − r2

r,1

]
(A10)
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B Thermo-hydraulic correlations for tubular
evaporation

The mechanical energy input for boiling a pure liquid is determined by the two-phase
pressure drop and the initial liquid volumetric flow rate:

ε = ∆PGL
VR

φm
ρL

= ∆PGL
L

φ
′′

m

ρL
(B1)

with φ
′′

m = φm/(0.25πd2
h). The two-phase pressure drop ∆PGL is estimated by [45]:

(
∆P
L

)
GL

= Φ2
L

(
∆P
L

)
L

(B2)

The two-phase multiplier Φ2
L is determined by [58, 53]:

Φ2
L =a1 + 3.24x0.78

G (1− xG)0.24
(
ρL
ρG

)0.91(
µG
µL

)0.19
· ... (B3)

... ·
(

1− µG
µL

)0.7
Fr−0.0454We−0.035

with a1 = (1− xG)2 + x2
G
ρLfG
ρGfL

, Fr = φ
′′2
m

gdhρ2
GL

and We = φ
′′2
m dh
ρGLσ

. xG out the outlet
is assumed to be 0.9. The gas and liquid Fanning friction factors are determined by
[59, 42]:

fj = 0.079Re−
1
4

j (B4)

where j = L,G and

Rej = φ
′′

mdhµ
−1
j (B5)

The average gas-liquid density is determined by:

ρGL =
(
xG
ρG

+ 1− xG
ρL

)−1
(B6)
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The liquid phase pressure drop is determined by [42]:

(
∆P
L

)
L

= 2fLφ
′′2
m ρ
−1
L d−1

h (B7)

With ∆PGL known, an average pressure of Pav = (2 · Patm + ∆PGL) /2 is evaluated.
Using Pav, a new average value of ρG is evaluated, assuming the ideal gas law: ρG =
(PavMw) / (RTav). Tav is evaluated at Pav using Equation 7.3. With this new value
of ρG, Equations B2 to B7 are iterated, until ∆PGL is constant (deviation < 0.1%).
Average boiling heat transfer coefficients are estimated by the correlation of Gungor
and Winterton [5], displayed in Appendix A. In the estimation of hb, q

′′ = 10 kW
m−2, and the Pav is used as pressure in Equation A4.
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[54] Garćıa-Sánchez, F., Romero-Mart́ınez, A., Trejo, A. 1989. Vapour pressure, criti-
cal temperature, and critical pressure of dichloromethane. J. Chem. Thermodyn.,
21 (8), 823–826.

[55] Quinn, G., Cetegen, B.M. 2011. Heat Transfer in an Evaporating Liquid Film
Flowing Over a Rotating Disk. Exp. Heat Transf., 24 (1), 88–107.

[56] Sparrow, E.M., Gregg, J.L. 1959. A theory of rotating condensation. J. Heat
Transfer, 81 (2), 113–120.

[57] Dhir, V., Lienhard, J. 1971. Laminar film condensation on plane and axisym-
metric bodies in nonuniform gravity. J. Heat Transfer, 93 (1), 97.

[58] Friedel, L. 1979. Improved pressure drop correlations for horizontal and vertical
two-phase pipe flow. 3R Int., 18, 485–492.

[59] Blasius, P.R.H. 1913. Das Aehnlichkeitsgesetz bei Reibungsvorgangen in Flüssig-
keiten. Forschungsheft, 131, 1–41.







8 Conclusions and outlook

8.1 Conclusions

The research described in this thesis focuses on the intensification of convective heat
transfer in single and multiphase flows, by the application of centrifugal forces and
high-shear conditions in rotor-stator spinning disc reactors. An engineering model
for the single phase fluid flow in rotor-stator cavities is developed, which is used to
determine single phase convective heat transfer coefficients. A novel stator-rotor-
stator spinning disc reactor is developed, which allows further thermal intensification
by indirect heat exchange between fluids in two separate rotor-stator cavities. Gas-
liquid flow and bubble formation is studied for a wide range of operating parameters.
Convective heat transfer coefficients for condensing and boiling fluids in rotor-stator
cavities are determined.

In Chapter 2, the fluid flow of a single liquid phase in the rotor-stator cavities of a
multistage rotor-stator spinning disc reactor is studied, using residence time distribu-
tion measurements. Based on the experimentally obtained residence time distribution
curves, obtained by tracer injection experiments, an engineering model is proposed.
The fluid flow through a rotor-stator cavity is described by regions of radial plug flow
at low radial positions and a single ideally mixed region at high radial positions. The
radial position where transition between plug flow and ideally mixed regions occurred,
assumed to be a discrete radial position, decreases with increasing rotational velocity
ω and rotor-stator axial gap s, and increases with increasing volumetric throughflow
rate φL. This is in agreement with numerical and experimental observations in lit-
erature. The model is explained by the throughflow and rotation dominated regions
observed in rotor-stator cavities with superposed throughflow. Results indicate that
the model can be scaled up with any number of rotor-stator cavities in series, as well
as with increasing disc radius and gap ratio. This makes the engineering model a
valuable tool in the design and scale-up of rotor-stator spinning disc reactors.

The single phase fluid-stator heat transfer is studied in a multi-stage rotor-stator
spinning disc reactor (Chapter 3), in which heat exchange is enabled by channels
embedded in the stator walls. Values of the single phase fluid-stator heat transfer
coefficients hs (for water) are obtained by fitting experimentally obtained steady state
outlet temperatures to a steady state heat transfer model. This heat transfer model
is based on the engineering model for fluid flow in rotor-stator cavities. For all values
of φL and s, hs increases more than a factor 4 by increasing ω from 0 to 30 rad s−1.
This demonstrates the potential for intensification of convective heat transfer in rotor-
stator spinning disc reactors. For ω > 5 rad s−1, rotation dominates the heat transfer
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and no influence of φL and s on hs is observed, which agrees with observations in
literature. However, the overall thermal performance of the multi-stage rotor-stator
spinning disc reactor is found to be limited by conduction through the stator wall and
convection in the cooling channels.
To fully employ the potential of convective heat transfer intensification in rotor-stator
cavities, a novel stator-rotor-stator spinning disc reactor (srs-SDR) is developed, pre-
sented in Chapter 4. The srs-SDR consists of a interior stationary disc, enclosed
by a rotating cylindrical housing, which is again enclosed by a stationary cylindrical
housing. In this way two separate rotor-stator cavities are formed, sharing a common
rotor, which acts as heat exchanging surface. The srs-SDR enables the exchange of
heat between two fluids in separate rotor-stator cavities. Using the steady state heat
transfer model, single phase fluid-rotor heat transfer coefficients hr are obtained for
water as a fluid, as function of ω and φL. Similar to hs, hr is independent of φL and
increases from 0.9 kWm−2K−1 at ω = 0 rad s−1 to 34 kWm−2K−1 at ω = 157 rad s−1.
This is a factor 2-3 higher than values achievable in passively enhanced reactor-heat
exchangers, due to the 1-2 orders of magnitude larger specific energy input achiev-
able in the stator-rotor-stator spinning disc reactor. It is concluded that due to the
ability to increase hr independently of φL, and thus of the residence time of reaction
fluids in the reactor, the srs-SDR is a promising intensified heat exchanger/reactor,
for example to accommodate solvent-free highly exothermic reactions.
Application of condensing and boiling flows in the rotor-stator cavities of the srs-SDR,
leads to high vapour volumetric throughflow rates and high vapour/liquid volumetric
flow ratios to be accommodated. In order to understand the vapour-liquid flow in
rotor-stator cavities for condensing and boiling conditions, the inert gas-liquid flow
in a rotor-stator spinning disc reactor, with co-feeding of gas and liquid, is studied in
Chapter 5. It is observed that for gas volumetric throughflow rates up to 283 · 10−6

m3s−1 and vapour/liquid volumetric flow ratios up to 94, a thin liquid film forms
on the rotor in the top rotor-stator cavity, while a gas dispersion in a continuous
liquid phase forms in the bottom rotor-stator cavity. By using high speed imaging
two parallel acting mechanisms of bubble formation are observed: one due to gas
overpressure, resulting in periodic formation of large, irregular bubbles, and one due to
liquid turbulent vortices, leading to small, well-defined bubbles. The two mechanisms
lead to three distinct gas dispersion regimes, distinguished by their characteristic
oscillations in pressure drop. At low ω, in the gas spillover regime, the gas is dispersed
as large bubbles only. Above this critical ω, small bubbles are formed by the turbulent
vortices as well, thus forming a heterogeneous dispersion. At sufficiently high ω,
depending on the gas flow rate, the gas is homogeneously dispersed as small bubbles.
The maximum gas flow that can be dispersed as small bubbles is linearly proportional
to the local energy dissipation rate. The understanding of the bubble formation
mechanisms and pressure signature allows prediction and detection of the prevailing
hydrodynamic regime for condensing and boiling flows in rotor-stator cavities. Results
show that the rotor-stator spinning disc reactor can accommodate efficient contacting
for highly skewed gas/liquid volumetric flow ratios. This can for example be applied
to intensify gas drying processes.
The heat transfer rates for a pure vapour (dichloromethane) condensing inside the



Conclusions 175

exterior rotor-stator cavities of the srs-SDR are studied in Chapter 6. A single phase
liquid flow in the interior cavities is used to withdraw the enthalpy of evaporation.
A steady state heat transfer model for the single phase liquid flow is used to obtain
values of the condensation heat transfer coefficient hc, as a function of ω, mass flow
rate φm and average temperature driving force ∆T . In the top cavities, the vapour
condenses as a thin liquid film on the rotor, while in the bottom cavities, vapour
bubbles are dispersed in a continuous subcooled condensate liquid phase. For the
current range of ω, heat transfer from the vapour bubbles to the condensate liquid is
limiting the overall heat transfer, due to the relatively low values of gas-liquid interface
aGL in the bottom cavities. For ω > 84 rad s−1, the amount of vapour dispersed as
small bubbles rapidly increases, based on observations for inert gas-liquid flow. This
causes an increase in aGL in the bottom cavity, which results in increasing values of
hc. The value of hc increases from 1600 to 5600 Wm−2K−1 by increasing ω from 20
to 115 rad s−1. Condensation in the srs-SDR is enhanced by rotation, independent
of vapour velocity, due to an increased turbulence intensity in the condensate phase
and increased gas-liquid interfacial area.
The heat transfer rates for a pure liquid (dichloromethane) boiling inside the interior
rotor-stator cavities of the srs-SDR is studied in Chapter 7. A preheated single phase
liquid flow in the exterior cavities is used to supply the enthalpy of evaporation. A
steady state heat transfer model for the single phase liquid flow is used to obtain
values of the boiling heat transfer coefficient hb. The influence of ω, φm and ∆T
is determined. The values of hb increase a factor 3 by increasing ω from 0 to 105
rad s−1, independently of ∆T and φm. Little influence of ∆T and φm on hb is
observed; boiling in the rotor-stator cavities is mainly determined by ω. The boiling
performance of the srs-SDR, in terms of hb versus specific energy input ε, is similar to
tubular boiling, where pressure drop provides the energy input. However, the srs-SDR
allows operation at ε > 105 Wm−3

R , yielding values of hb not practically obtainable
in passively enhanced evaporators, due to prohibitively high pressure drops required.
Since hb is determined by ω, rather than by the superficial vapour velocity, boiling
in the srs-SDR enables a higher degree of control and flexibility, compared to passive
evaporators.
Combination of hc and hb, shows that the overall heat transfer coefficient for the
srs-SDR as a combined evaporator/condenser increases a factor 3 (up to Uov = 3600
Wm−1K−1) by increasing ω from 0 to 150 rad s−1. This is more than a factor
3 higher than values obtained in passive evaporator/condensors for similar fluids.
Moreover, due to the lack of dependency of condensing and boiling heat transfer
rates on the local vapour velocities, as is the case in conventional passive evaporators
and condensers, a higher degree of control and flexibility is obtained. For example,
operation at elevated pressures (which in passive heat exchangers leads to much lower
heat transfer coefficients) is feasible, due to the high fluid-rotor heat transfer rates.
Furthermore, due to the high shear stress in rotor-stator systems, the fouling often
observed in evaporators is expected to be less severe. However, given the high energy
input and the relative complexity of the srs-SDR, it is clear that its application as
an evaporator/condenser is only justified when space or flexibility requirements are
stringent.
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8.2 Outlook

8.2.1 Application for compact chlor-alkali production

The results of the research described in this thesis show, amongst other, the poten-
tial of simultaneously intensified evaporation and condensation of a pure fluid, using
the centrifugal force and high-shear conditions in the stator-rotor-stator spinning disc
reactor. The actual application of the srs-SDR for evaporative sodium hydroxide
concentration, as part of an intensified chlor-alkali production process (Section 1.3),
requires further development and testing of the srs-SDR unit itself as well as opti-
misation of the overall evaporation process, including the re-utilisation of produced
steam.

The srs-SDR developed in thesis has been tested for evaporation of a pure fluid only.
This should be extended to salt solutions, including sodium hydroxide solutions, to
test the effect of changing concentrations and fluid properties on the evaporation pro-
cess. The rotating heat exchanging surface in the srs-SDR is smooth stainless steel.
It is expected that the condensation and boiling processes can be much enhanced by
surface alterations. For the condensing side, coatings promoting dropwise condensa-
tion can be applied [1, 2], whereas on the boiling side structuring and coarsening of
the surface promotes the nucleation of vapour bubbles [3, 4]. Moreover, by applying a
structured surface instead of a flat disc, e.g. by using fins or corrugation, the specific
surface area of the srs-SDR can be increased.

Fouling of the heat exchanging surface, due to salt deposition, is expected to decrease
in the srs-SDR. This is due to the high shear stress between the rotor and the stator
[5, 6], and due the suppression of nucleate boiling, which is caused by the enhanced
convective heat transfer. The extent of surface fouling should be experimentally
determined, mainly as a function of rotational velocity and temperature driving force.
The negative side of the high shear stress acting on the heat exchanging surface, is the
risk of surface erosion. Clearly, the extent of erosion is a strong function of the applied
surface material. Therefore, the erosion due to high shear stresses should be taken
into account during material selection. In order to apply the srs-SDR for evaporative
sodium hydroxide concentration, suitable construction and sealing materials should
be selected. This is particularly pressing for the interior cavities (the boiling side),
which should be resistant to high concentration sodium hydroxide, up to 50 wt%, at
high temperatures, typically up to 150−200°C. Pure nickel shows a high resistance to
sodium hydroxide solutions [7], and can be used as cladding for the interior cavities.
The effect of high shear stress on erosion of the nickel surface should be tested. The
presence of dynamic seals should be minimised, for example by magnetic coupling of
the motor and the rotors.

With this further mechanical and material optimisation, the operating limits of the
srs-SDR as combined evaporator/condenser should be explored. From the results
presented in this thesis, it is concluded that the evaporative sodium hydroxide con-
centration process can be intensified by simply replacing the passive heat exchangers
by srs-SDR type of units, i.e. without alteration of the overall process scheme. This
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can be feasible in spite of the high specific energy input for an srs-SDR evaporator,
compared to passive evaporators. Additional energy input is required in any case
for the endothermic separation of water and sodium hydroxide; the energy input of
the srs-SDR increases Uov and simultaneously reduces the required amount of steam.
Apart from replacement of the evaporators, the increased overall heat transfer rates
and lack of dependency of condensing and boiling heat transfer rates on the local
vapour velocities in the srs-SDR, possibly enable improved re-utilisation of produced
steam as well.
For the conventional evaporative concentration of sodium hydroxide, multiple-effect
evaporation is usually employed as a means to reduce the amount of required steam
[7]. In multiple-effect evaporation, the water is removed in separate evaporator stages,
which operate at different pressures, shown schematically in Figure 8.1(a). In this way,
the produced steam of one stage can be re-used as heat source for an other stage,
decreasing the required fresh (externally supplied) steam to a fraction of the total en-
ergy demand. The different operating pressures are required to obtain a temperature
driving force between the boiling sodium hydroxide, which has a large boiling point
elevation, and the condensing steam. The efficiency of steam utilisation increases
with increasing number of stages, since the fraction of required fresh steam decreases.
The number of stages is limited however, by the total available pressure difference,
and thus by the total boiling temperature difference, between the fresh steam and
the lowest evaporator operating pressure. Due to the large boiling point elevation
of sodium hydroxide solutions, e.g. Tb = 146.5°C for 50 wt% sodium hydroxide at
P = 1 bar [8], the number of stages employed for sodium hydroxide concentration is
usually limited to 2 to 4, in order to maintain a reasonable ∆T for heat transfer [7].
Since the overall heat transfer coefficient for combined condensation and evaporation
is up to a factor 3 higher in the srs-SDR, compared to conventional evaporators, a
smaller ∆T for heat transfer is required to obtain the same heat transfer rate. This
possibly enables a higher number of stages to be economically feasible for the sodium
hydroxide evaporative concentration process, and should be evaluated.
Alternatively, the steam efficiency can be increased by mechanical vapour recompres-
sion, in which the produced steam is compressed to increase its boiling tempera-
ture above the boiling temperature of the sodium hydroxide solution. This is shown
schematically in Figure 8.1(b). Using mechanical vapour recompression, the entire
heat of evaporation is recuperated, and the required energy is mainly the energy of
solution of sodium hydroxide in water. However, due to the high boiling point ele-
vation of sodium hydroxide, a large compression ratio is required: e.g. for 50 wt%
sodium hydroxide at 1 bar, the steam must be compressed to 4.3 bar to yield an
effective ∆T = 5 K. The high compression ratios, in combination with the high volu-
metric vapour flow rates that need to be compressed, make the compressors required
in mechanical vapour recompression prohibitively expensive. The compression ratio
and volumetric vapour flow rate can both be decreased by operating the evaporator at
elevated pressures, e.g. for 50 wt% sodium hydroxide at 10 bar, a compression ratio
of 2.9 is required to yield ∆T = 5 K. In conventional evaporators, the equipment size
makes operation at elevated pressures, and with it, elevated boiling temperatures,
unattractive. Moreover, the elevated pressures lead to decreasing heat transfer co-
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Figure 8.1: Saturation temperatures for sodium hydroxide solutions for different concentrations.
Panel (a) schematically shows double-effect evaporation, for evaporative concentration of sodium
hydroxide to 50 wt%. Fresh, saturated steam at 4.3 bar and 146.5°C, delivers the heat to the sodium
hydroxide solution at 50 wt% and 1 bar, resulting in ∆T = 5 K due to a boiling point elevation of
41.5 K. The steam produced in the second effect, roughly at 100°C and 1 bar, is subsequently used
to deliver the heat to the sodium hydroxide solution at 40 wt% and 0.3 bar. Panel (b) schematically
shows mechanical vapour recompression, for evaporative concentration of sodium hydroxide to 50
wt%. In this case the produced steam, at 100°C and 1 bar, is recompressed to 4.3 bar and can be
fully recycled.

efficients (due to the lower vapour superficial velocities), which further increases the
required heat transfer area. Possibly, the small equipment size of the srs-SDR and
the lack of dependency of heat transfer rates on the local vapour velocities, enables
evaporative concentration of sodium hydroxide at elevated pressures and recompres-
sion of the produced steam. Moreover, the smaller ∆T possible in the srs-SDR,
further decreases the required compression ratio. Furthermore, due to the possibility
of continuous vapour-liquid separation in the srs-SDR, produced steam can be with-
drawn stage-wise, similar to multiple-effect evaporation. The stage-wise mechanical
vapour recompression results in low volumetric vapour flow rates per compressor and
modest compression ratios, which possibly enables application of parallel piston-type
compressors. The thermodynamic and economic optimal operating conditions of this
alternative should be evaluated. Key parameters to be evaluated are the operating
pressures of the evaporators, the routing of the recompressed steam (i.e. using the
recompressed steam at the stage where it was produced, or using it at preceding or
subsequent stages) and the capital expenditures of srs-SDR units and compressors.

The (economic) feasibility of application of srs-SDR for evaporative concentration
of sodium hydroxide should be the focus of future development. The srs-SDR unit
itself should be further mechanically developed to make it suitable for the highly
corrosive boiling sodium hydroxide, and the heat exchanging surface should be op-
timised to yield maximum values of UovArV −1

R . Moreover, the overall evaporation
process should be re-evaluated, taking into account the advantages of condensation
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Figure 8.2: Schematic representation of the proposed stage-wise mechanical vapour recompression.
Key parameters of this process scheme that should be evaluated are the operating pressures of the
evaporators and the routing of the recompressed steam. The recompressed steam can be employed
at the stage where it was produced, as is shown in the current Figure, or it can be used at preceding
or subsequent stages.

and evaporation in the srs-SDR. Realisation of evaporative concentration of sodium
hydroxide in reduced-size srs-SDR units, completely driven by mechanically recom-
pressed steam, would be an attractive solution for compact, distributed chlor-alkali
production.

8.2.2 Alternative applications

The results described in this thesis show that the convective heat transfer in a single
phase fluid can be greatly enhanced in a rotor-stator spinning disc reactor. Due to the
high specific energy input, heat transfer coefficients a factor 2-3 higher than values
achievable in passively enhanced reactor-heat exchangers, are realised. The conden-
sation and boiling heat transfer results indicate that the rotor-stator spinning disc
reactor allows for high liquid-surface and gas-liquid heat transfer rates for multiphase
reactive flows as well. Most importantly, the convective heat transfer in rotor-stator
cavities is increased independently of φL, and thus of the residence time of reaction
fluids in the reactor. In passively enhanced reactor-heat exchangers, the direct link
between heat transfer performance and residence time often results in operation in the
laminar flow regime, in order to obtain a suitable residence time [9]. In the rs-SDR,
and particularly in the newly developed srs-SDR, the heat transfer can be increased
to turbulent levels, independent of the residence time, which enables a high degree of
thermal intensification as a reactor/heat exchanger. To demonstrate this potential,
industrially relevant and problematic reactions, such as solvent-free highly exothermic
reactions, should be tested in the srs-SDR. To study the enhanced control of strongly
exothermic gas-liquid reactive flows, for example hydrogenation reactions can be used.
For scale-up and design of spinning disc reactors as intensified reactor-heat exchang-
ers, the developed engineering model for a single phase flow can be employed. The
proposed engineering model has been validated to some extent for a scaled up rotor-
stator spinning disc reactor. It is recommended to test the model for a wider range of
parameters, particularly rotor radius, rotor-stator axial gap and fluid properties, in
order to make it more widely applicable. Ideally, research should focuss on realising
a fully resolved (direct) numerical simulation of the single phase flow in a realistic
rotor-stator cavity (with finite dimensions and in- and outlets taken into account),
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which until now has been limited by computational power. This direct numerical sim-
ulation could serve as the basis for a universally applicable, and better understood,
engineering model for fluid flow in rotor-stator spinning disc reactors. Extension to
fully resolved gas-liquid flows is desired, but is probably unrealistic in the near future.
With a fully resolved single phase flow model, the single phase heat transfer results
can be checked and extended as well.
In case of gas-liquid flows, the understanding of bubble formation mechanisms and
the spectral analysis method developed to monitor gas-liquid flow regimes, can be
employed to design and scale-up spinning disc reactors. Furthermore, results show
that the rotor-stator spinning disc reactor can accommodate efficient contacting for
highly skewed gas/liquid volumetric flow ratios. Apart from exothermic reactive flows,
this can for example be applied to intensify gas absorption processes with a minimum
amount of liquid absorbent throughflow. This is analogous to bubbling gas through
a liquid-filled column, but with a much enhanced gas-liquid interaction.
Clearly, there is potential for intensification of a wide variety of processes, using spin-
ning disc reactor technology. Possibilities include the enhancement of mass [10, 11, 12]
and heat transfer rates (Chapters 4, 6 and 7), countercurrent liquid-liquid contacting
[13] and hydrodynamic particle containment [14]. Apart from intensification of single
process tasks, it would be worth to explore possibilities to integrate such tasks, in
order to profit from the energy input of the rotor(s) as efficient as possible.
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Nomenclature

Latin symbols

A heat transfer area, m2

a specific surface area, m2m−3

ai proportionality constants, i = 1− 6, -
ac centrifugal acceleration, ms−2

bi proportionality constants, i = 1− 3, -
C concentration, mol m−3

c proportionality constant rtrans, -
ci coefficients for the Antoine equation, i = 1− 3, -
cp heat capacity at constant pressure, Jkg−1K−1

d diameter, m
dh hydraulic diameter, m
E exit age distribution function, -
Edp energy dissipation rate due to pressure drop, W
Edr energy dissipation rate due to rotation, W
Eloss rate of energy loss, W
f frequency, Hz
g standard gravitational acceleration, ms−2

H enthalpy, Jkg−1

h heat transfer coefficient, Wm−2K−1

I current, A
I0 internal current losses, A
Ic nominal current motor, A
k thermal conductivity, Wm−1K−1

kGL gas-liquid mass transfer coefficient, ms−1

L length, m
Mw molecular mass, g mol−1

n number of equal-volume tanks-in-series, -
P pressure, Pa
q heat transfer rate, W
R gas constant, Jmol−1K−1

Ra surface roughness, µm
r radius, m
rD rotor/disc radius, m
s axial rotor-stator gap, m
S power spectral density, Pa2Hz−1

S average signal power, Pa2

T temperature, K
t time, s
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ts exposure time, s
U overall heat transfer coefficient, Wm−2K−1

V volume, m3

v velocity, ms−1

x height, m
xG vapour fraction, kgG(kgG+kgL)−1

yi coefficients Antoine equation, -
z axial direction, m
Greek symbols

α proportionality constant Edr, -
β corrugation angle in PHE, degrees
∆Hvap enthalpy of evaporation, J kg−1

∆rs radial rotor-stator gap, m
δ thickness, -
ε specific energy dissipation rate, Wm−3

L
ζ effective to projected surface ratio in PHE, -
θ angle, rad
η heat exchange effectiveness, -
µ dynamic viscosity, Pa s
ν kinematic viscosity, m2s−1

ρ density, kg m−3

σ surface tension, Nm−1

τ torque, Nm
τ0 shear stress at the rotor, Pa
τc torque constant motor, NmA−1

τm mean residence time, VRφ−1
v , s

τpf plug flow residence time, s
Φ2 two-phase multiplier, -
φ volumetric throughflow rate, m3s−1

φm mass flow rate, kg s−1

ψ gas/liquid volumetric flow ratio, φG/φL, -
Xtt Martinelli parameter, -
ω angular velocity, rad s−1

Dimensionless numbers

Bo boiling number, q′′φ′′−1
m ∆H−1

vap, -
CM moment coefficient, 2τρ−1ω−2r−5, -
Cw dimensionless throughflow rate, φr−1ν−1, -
Fr Froude number, φ′′2m g−1d−1

h ρ−2
GL, -

FE enhancement factor, -
FS suppression factor, -
f Fanning friction factor, -
G axial gap ratio, sr−1, -
j Colburn j-factor, -
Nu Nusselt number, hrk−1

L , -
Nud Nusselt number, hdhk−1

L , -
Pr Prandtl number, νρcpk−1

L , -
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Re Reynolds number, vdhν−1

Reφ throughflow Reynolds number, φv(2πrs)−1sν−1, -
Reω rotational Reynolds number, ωr2ν−1, -
We Weber number, φ′′2m dhρ−1

GLσ
−1, -

Subscripts

1 lower boundary of heat transfer area
2 upper boundary of heat transfer area
air air
ambient ambient
atm atmospheric
av average
b bubble, boiling
c condensation
ch channel side
cr critical
dcm dichloromethane
E liquid equivalent
exp experimental
F film
G gas, vapour
GL gas-liquid
i inner side (at the shaft)
in inlet
k index
loc local
L liquid, condensate
ls liquid seal
m index
max maximum
mod model
N normalised
NB nucleate boiling
n index
o outer side (at the rim)
out outlet
pf plug flow
R reactor
r rotor, radial coordinate
rs rotor-stator cavity
s stator
T total
trans plug flow to ideally-stirred transition
water water
x bottom of srs-SDR
z axial coordinate
θ tangential coordinate
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ω due to rotation
Superscripts

0 initial
I pertaining to type I bubbles
II pertaining to type II bubbles
ch channel
ext exterior cavity
int interior cavity
lam laminar regime
R reactor
trans laminar-turbulent transition regime
turb turbulent regime

~ vector
ˆ scaled variable, φ̂ = φ · 106, R̂eω = Reω · 10−6,ε̂ = ε · 10−6
′′ flux (m−2)
Abbreviations

DCM dichloromethane
PFH plate fin heat exchangers
PHE plate heat exchangers
PSD power spectral density
MSDR multi-stage rotor-stator spinning disc reactor
rs-SDR rotor-stator spinning disc reactor
SDR spinning disc reactor
srs-SDR stator-rotor-stator spinning disc reactor
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