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h i g h l i g h t s

� The Ca-Cu process was described in
detail with a 1-D pseudo-
homogeneous model.

� A simplified model based on a sharp
front approach was developed.

� Operating windows for the three
process steps have been identified.

� Thermal efficiency and carbon
capture efficiency of the Ca-Cu
process have been calculated.
g r a p h i c a l a b s t r a c t

0.00 0.25 0.50 0.75 1.00 1.25 1.50
750

800

850

900

950

1000

1050

1100

1150

1200

Te
m

pe
ra

tu
re

 (K
)

Axial position (m)

50 s
150 s
250 s

0.00 0.25 0.50 0.75 1.00 1.25 1.50
200

400

600

800

1000

1200

Te
m

pe
ra

tu
re

 (K
)

Axial position (m)

300 s
600 s
900 s

0.00 0.25 0.50 0.75 1.00 1.25 1.50
950

1000

1050

1100

1150

1200

 ue

Te
m

pe
ra

tu
re

 (K
)

Axial position (m)

10 s
160 s
310 s
460 s
910 s

 ur

CH4 + H2O
H2(CO2 free)

N2

AirFuel

CO2 + H2O

Cu/Ca loop

CCE 80%
a r t i c l e i n f o

Article history:
Received 8 March 2016
Received in revised form 23 May 2016
Accepted 27 May 2016
Available online 28 May 2016

Keywords:
Hydrogen production
CO2 capture
Chemical looping
Calcium looping
Sorption enhanced reforming
a b s t r a c t

The calcium-copper looping process is a novel concept proposed for hydrogen production from methane
with integrated CO2 capture. The heat required to drive the endothermic steam-methane reforming is
supplied by in-situ simultaneous heat production from calcium carbonate formation, by which also
CO2 capture is achieved (calcium looping process). In the regeneration step, the heat required to regen-
erate the CO2 sorbent is matched with in situ heat production through the reduction of copper oxide to
copper (chemical looping process). The process is carried out in adiabatic fixed bed reactors and consists
of three main process steps: (i) sorption enhanced reforming, (ii) oxidation of copper and (iii) calcination
of CaCO3 combined with the reduction of CuO. In this paper the process has been simulated in detail with
a one-dimensional pseudo-homogeneous reactor model (PHM) and a reduced model has been developed
(computationally enormously much faster and still sufficiently accurate) based on a sharp front approach
to simplify further reactor and process design and optimization. Simulations with the PHM have been
performed for the three steps of the process varying the temperature, pressure, solid composition, gas
composition and flow rates. The outcomes of the model have been compared with calculations performed
with the sharp-front approach. The reaction and heat exchange front velocities calculated with both mod-
els are in very good agreement. Process operability windows for all three process steps have been iden-
tified. The overall thermal efficiency and the carbon capture efficiency have been calculated, resulting in
73% and 80%, respectively.

� 2016 Elsevier B.V. All rights reserved.
1. Introduction mate change [1]. Different strategies for reducing carbon dioxide
The increase in greenhouse effects as a result of anthropogenic
CO2 emissions is believed to be the main cause of the observed cli-
emissions to the atmosphere have been proposed, among which
Carbon Capture and Storage (CCS) is an interesting technology
which involves CO2 capture followed by underground storage [2].
Moreover, a high overall carbon efficiency can be achieved
when using H2 as an energy carrier in future energy systems in a
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Nomenclature

ci concentration of gas component i, mol m�3

Cp,g gas heat capacity, J kg�1 K�1

Cp,s solid heat capacity, J kg�1 K�1

dp particle diameter, m
Dax axial mass dispersion, m2 s�1

F mass flow, kg m�2 s�1

Ki equilibrium constant
Mi molecular weight of component i, kg mol�1

n reaction order
pi pressure of component i, Pa
p0 atmospheric pressure, Pa
rj reaction rate, mol m�3 s�1

T temperature, K

u front velocity, m s�1

vg superficial gas velocity, m s�1

wg,i gas component weight fraction
w0

act initial active solid component weight fraction
Xi solid component conversion
DrGj gibbs free energy of reaction, J mol�1

DrHj reaction enthalpy, J mol�1

ep particle porosity
eg void fraction of the bed
keff effective thermal conductivity, W m�1 K�1

kg thermal conductivity of the gas, W m�1 K�1

qg gas density, kg m�3

qs solid density, kg m�3
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so-called hydrogen-economy. The main hydrogen production route
is currently based on steam methane reforming (SMR) [3], but this
process results in large amounts of CO2 emitted to the atmosphere.

SMR is a two-stage process: the reforming reaction, Eq. (1),
which needs to be carried out at high temperatures (usually from
900 K to 1200 K) and high pressures (from 5 to 25 bar), and an
additional shift reaction at a lower temperature (typically from
473 K to 673 K) in order to maximize the CO conversion by means
of Eq. (2). Both reactions are equilibrium limited, making it chal-
lenging to achieve complete conversion of CH4 and CO in conven-
tional steam reforming. In addition, the overall process is very
endothermic, demanding a high heat duty source [4].

CH4 þH2O $ COþ 3H2 DrH298 K ¼ 206 kJ=mol ð1Þ
Fig. 1. General scheme of the Ca/Cu chemical looping process.
COþH2O $ CO2 þH2 DrH298 K ¼ �41 kJ=mol ð2Þ
The efficiency of the process can be increased via process inte-

gration, i.e. by removing a product during the reaction thus shifting
the SMR equilibrium towards hydrogen production. This can be
achieved by using hydrogen membranes (to remove hydrogen) or
CO2 sorbent to remove CO2 from the gas stream. The latter is the
so-called sorption enhanced reforming (SER), where CO2 is
removed in situ via a highly exothermic reaction with CaO towards
CaCO3 [5]:

CaOþ CO2 $ CaCO3 DrH298 K ¼ �178 kJ=mol ð3Þ
Due to the removal of CO2, the equilibrium of the WGS and SMR

reactions shift to the right, resulting in complete methane (and CO)
conversion. The overall reaction (Eq. (4)) is slightly exothermic,
therefore no additional energy is required for hydrogen
production.

CH4 þ 2H2Oþ CaO $ CaCO3 þ 4H2 DrH298 K ¼ �14 kJ=mol ð4Þ
For industrial application involving CO2 capture, multiple cycles

are required and calcination of CaCO3 is needed to regenerate the
sorbent. This reaction is highly endothermic, involving high heat
duties. Several solutions have been proposed to supply the large
amount of energy required without losing the benefits of SER.
Solieman et al. [6] have proposed a pressure swing to decrease
the equilibrium pressure of CO2 in the calcination step. Other
strategies use temperature swing to regenerate the CaCO3 [7].
Drawbacks of these options are high equipment costs and low
thermal efficiencies. Abanades et al. [8] have proposed a new idea
to solve this problem introducing a second chemical loop of Cu/
CuO. The heat needed for calcination is supplied in situ by the
exothermic reduction of CuO, that can be performed with three
gas components that are already present in the process: hydrogen,
carbonmonoxide or methane (Eq. (5)–(7), respectively). The reduc-
tion gases determine the Cu/Ca ratio in the bed that is needed for
energy neutral operation.

CuOþH2 ! Cuþ 3H2O DrH298 K ¼ �86 kJ=mol ð5Þ
CuOþ CO ! Cuþ CO2 DrH298 K ¼ �127 kJ=mol ð6Þ
4CuOþ CH4 ! 4Cuþ 2H2Oþ CO2 DrH298 K ¼ �170 kJ=mol ð7Þ
After SER, Cu is oxidized to CuO using air to enable the calcina-

tion step (Eq. (8)).

Cuþ 1
2
O2 ! CuO DrH298 K ¼ �156 kJ=mol ð8Þ

The overall process is shown in Fig. 1 indicating the bed compo-
sition changes during every step, including feed and exit gases. The
process is carried out in packed bed reactors and is divided into
three steps:

(a) the production of a hydrogen-rich stream by sorption
enhanced reforming (SER) of CH4 with steam and simultane-
ous carbonation of CaO with the CO2 resulting from the
reforming reactions;

(b) the oxidation of Cu to CuO with air, at conditions such that
no major decomposition of CaCO3 takes place;

(c) the calcination of CaO3 and simultaneously the reduction of
CuO with a fuel gas in order to obtain most or all of the heat
needed for the calcination.



Table 2
Kinetic data of the reactions present in the process.

Reforming reactions (Numaguchi and Kikuchi [16])

Steam Methane Reforming Water Gas Shift

A kmol
bar�m3

cat �h

h i
9.29 � 108 8.69 � 105

Eact
J

mol

h i
104.7 � 103 54.5 � 103

Calcium reactions (from Martinez at al [18]. and Lee [19])

Carbonation Calcination

A m3

mol�s
h i

1.73 � 102 2.52 � 102

Eact
J

mol

h i
72.3 � 103 91.7 � 103

Copper reactions (from Hamers et al.)

Gaseous reactant O2 CO H2 CH4

k0 barqp
s

h i
1.2 � 103 0.708 � 103 12 � 103 54 � 103

Eact
J

mol

h i
15 � 103 14 � 103 33 � 103 60 � 103

n [–] 1 0.8 0.6 0.4
qp [–] 0.68 0.83 0.53 1
g [–] �2.42 X3 + 2.22 X2

� 0.50 X + 0.71
0.7 0.84 1
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Fernandez et al. [9] have conceptually described the process.
They suggest operating conditions and flow rates for all steps of
the process. Further work has been carried out on the different
steps. The first step (SER) has been described by Fernandez et al.
with a pseudo-homogeneous model [10,11]. In that work the
kinetics of Xu and Froment [12] have been used to describe the
steam reforming reaction and an empirical correlation by Rodri-
guez et al. [13] has been used to describe the carbonation reaction
kinetics. The second step has also been studied by Fernandez et al.
[14] using a pseudo-homogeneous model and the kinetics for the
oxidation of copper were taken from García-Labiano et al. [15].
All the physical properties were considered constant with the tem-
perature and composition.

In the present work all separate process steps are simulated
using a pseudo-homogeneous model (PHM) which considers more
realistic conditions (including the variation of physical properties
with temperature) and a sharp front approach (SFA) to better
understand and describe the systems behavior and performance.
The simple model (after validation with the pseudo-
homogeneous model) is used for optimization purposes, as simula-
tion times can be reduced significantly. Furthermore, the effect of
the amount of Cu and CaO present in the bed, the composition of
the feed, the temperature and the pressure has been studied result-
ing in the derivation of a process operation window for all three
steps. The performance of the process is quantified by its thermal
efficiency and carbon capture efficiency and is compared with
the projected performance from Fernandez et al. [9] and the perfor-
mance of conventional hydrogen production processes.
2. Model description

2.1. Pseudo-homogeneous model

The behavior of the fixed bed reactor is described with a one-
dimensional adiabatic pseudo-homogeneous model (PHM). This
dynamic model simulates unsteady state processes accounting
for axial mass and heat dispersion and reaction kinetics, consider-
ing both gaseous and solid components. In this work, mass and
heat transfer resistances between the gas and solid phases have
been neglected. The main model equations have been listed in
Table 1.

The equations to evaluate the different reaction rates have also
been summarized in Table 1. Steam methane reforming and water
gas shift are heterogeneously catalyzed gas phase reactions over a
nickel catalyst. The kinetics of these reactions have been exten-
sively studied in the literature, for example by Xu and Froment
Table 1
Mass and energy balances used in the 1-D pseudo-homogeneous model.

Component mass balance for the gas phase:

egqg
@xi;g

@t ¼ �qgvg
@xi;g

@x þ @
@x qgDax

@xi;g

@x

� �
þ egriMi

Component mass balance for the solid phase:

esqs
@xi;s
@t ¼ egriMi

Energy balance:
ðegqgCp;g þ esqsCp;sÞ @T@t ¼ �qsvgCp;g

@T
@x þ @

@x ðkeff @T
@xÞ þ egriDrH

Reaction rates:
Steam methane reforming and water gas shift:

r1 ¼ A1e
�Eact;1

RT
pCH4 pH2O

�
pCO p3

H2
K1

p1:596H2O

0
@

1
A; . . . r2 ¼ A2e

�Eact;2
RT

pCOpH2O�
pCO2

p3
H2

K2
pH2O

0
@

1
A

Carbonation and calcination:

ri ¼ qi

Mi
w
Aie

�Eact;i
RT ð1� XÞ2=3 cCO2 �

peqCO2
RT

� �
p
p0

� ��qp

Oxidation and reduction:

r ¼ gk0e
�Eact
RT cni

p
p0

� ��qp
[12] and Numaguchi and Kikuchi [16]. Based on the operating con-
ditions of SER (high water content, high pressure and high temper-
ature, no hydrogen in the feed), the kinetics from Numaguchi and
Kikuchi were used in this work to avoid over-prediction of the
reaction rates [17]. The carbonation of calcium oxide and subse-
quent calcination of calcium carbonate are described using the
shrinking core model (SCM). Limestone kinetics were taken from
Martinez et al. [18] and Lee [19]. The kinetics have been measured
at atmospheric pressure, so a pressure correction term is added
with a qp-value of 0.68. The carbon dioxide equilibrium pressure
around CaCO3 is determined by a correlation from Baker et al.
[20], given in Eq. (9). The equilibrium pressure depends only on
temperature and matches the equilibrium pressure as calculated
by thermodynamic data.

logðpeq
CO2

Þ ¼ 7:079� 38000
4:574T

ð9Þ

The oxidation and reduction kinetics for supported copper par-
ticles were taken from Hamers et al. [21] and García-Labiano et al.
[22][15]. The reaction rate is expressed as an effective rate coeffi-
cient, based on a shrinking core model. The effect of operation at
higher pressures is taken into account by the factor qp. This qp fac-
tor describes the effect of pressure on the diffusion of species as
well as competitive adsorption of inactive species on the active
surface. All the parameters of the kinetics have been listed in
Table 2. The amount of nickel in the bed (required for methane
reforming) is considered to be of negligible effect regarding its oxi-
dation and reduction and is not incorporated in the model. Adding
the heat of reaction of Ni would slightly change the ratios between
solids but not the main conclusions of the work. Only its catalytic
properties for SMR and WGS are considered. Although some cat-
alytic activity of copper is known for SMR and WGS, only nickel
kinetics are used to describe these reaction rates.

Axial mass and heat dispersion are both considered in this
model (Table 3). The importance of axial heat dispersion is highly
dependent on the superficial gas velocity. At high gas velocities this
effect is not significant, but for low velocities it is. Axial heat dis-
persion is caused by the heat conductivity of the bed and heat
exchange with the gas flow. The sum of these effects, the effective
bed conductivity keff ; is determined following Vortmeyer et al. [23].
The dimensionless Nusselt number and Péclet number to deter-
mine the convective heat transfer are described by equations from



Table 3
Equations for the description of heat and mass dispersion.

Effective axial heat dispersion (Vortmeyer and Berninger):

keff ¼ kbed;0 þ RePrkg
Peax

þ Re2Pr2kg
6ð1�eg ÞNu

Gunn and Misbah equation:

Peax ¼ 2ð0:17þ0:33expð�24=ReÞÞ
1�ð0:17þ0:33expð�24=ReÞÞ

Gunn equation:

Nu ¼ ð7� 10eg þ 5e2g Þð1þ 0:7Re0:2Pr1=3Þ þ ð1:33� 2:4eg þ 1:2e2g ÞRe0:7Pr1=3
Axial mass dispersion (Edwards and Richardson):

Dax ¼ 0:73
ReSc þ 0:5

egþ
9:7e2g
ReSc

 !
vgdp
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literature, applicable to packed bed reactors. The Nusselt number is
evaluated by Gunn’s correlation [24] and the Péclet number is
computed from Gunn and Misbah [25]. Axial mass dispersion is
described using Edwards and Richardson equation [26].

2.2. Sharp front approach

The sharp front approach is a simplified approach to study the
fixed bed reactor behavior, as described a.o. by Noorman et al.
[27]. It describes a reaction front and a heat exchange front and
their velocities through the bed, assuming full conversion at the
reaction front and immediate heat exchange (between gas and
solids) at the heat exchange front, while effects of reaction kinetics
and axial dispersion are not considered. The reaction front velocity
is calculated from the amount of moles fed to the system, divided
by the adsorption capacity of the bed, Eq. (10), where the stoichio-
metric coefficient f accounts for the gas/solids reaction
stoichiometry.

ur ¼
qgxin

g;ivgM
s
act

M g
i x0

actqsesf
ð10Þ

Theheat exchange front velocity is determinedby theheat capac-
ity of the gas and theheat capacity of thebed. The gasmoves through
the bed, transferring energy over the length of the bed, Eq. (11).

ue ¼
qgvgCp;g

qsesCp;s
ð11Þ

At the reaction front, reaction heat causes a temperature
change. At the same time, energy is transported through the bed
by the heat exchange front. Between both fronts, a temperature
plateau is established and it is moving through the reactor, as
schematically depicted in Fig. 2. The temperature increase (for
Fig. 2. Temperature development in a fixed bed reactor for ur < ue (a) and at ur > ue
(b). R: reaction front, E: Heat exchange front.
exothermic reaction) or decrease (for endothermic reaction) is lar-
gely dependent on the difference between the heat exchange front
velocity and the reaction front velocity. The maximum tempera-
ture change can be evaluated with Eq. (12), which can be rewritten
into Eq. (13) using the definitions of the front velocities. These
equations confirm that the temperature change is largely depen-
dent on the difference between the front velocities and is indepen-
dent of the total flow rate.

DTmax ¼
qgw

in
g;ivgð�DrHiÞ

MG
i qsesCp;sjur � uej

ð12Þ

DTmax ¼ ð�DrHiÞ
Cp;sMS

i
w0

actf
� Cp;gMG

i
win

g f

ð13Þ

The influence of the front velocities on the temperature rise and
the eventual reactor performance depends on the difference
between the front velocities, where two different situations are
identified, viz. ur < ue and ur > ue.

When ur < ue, which is shown in Fig. 2a, the heat exchange front
is faster than the reaction front. In the exothermal case, the bed is
heated up at the heat exchange front, and cools down at the reac-
tion front. The found maximum temperature difference, Eq. (13), is
the difference with the feed temperature. At full conversion, the
bed temperature equals the feed temperature.

When ur > ue, which is shown in Fig. 2b, the reaction front is fas-
ter than the heat exchange front. In the exothermal case, the reac-
tion front heats the bed and the heat exchange front cools it down.
The maximum temperature difference, Eq. (13), is the difference
with the initial bed temperature. At full conversion, the bed is
partly at feed temperature and partly at the heat plateau
temperature.

2.3. Extended sharp front approach

The application of the SFA described by Noorman is limited to
sharp fronts and a distinctive reaction front and heat exchange
front. However, in the SER step of the process, some reactions are
taking place at the heat exchange front, due to the temperature
dependency of the CO2 equilibrium pressure of CaCO3. In addition,
the gas phase equilibria (SMR, WGS) as a function of the tempera-
ture need to be taken into account for a proper estimation of the
temperature of the heat plateau. An extended SFA is developed
to take both effects into account, based on a principle used by Tui-
nier et al. [28] for cryogenic CO2 capture. In this model no heat
transfer resistance and immediate conversion at fronts are consid-
ered, neglecting, as before, axial heat and mass dispersion. In Fig. 3
a schematic description of the extended SFA (ESFA) is shown. Four
different stages have been defined: the feed at temperature T1,
equilibrium in the gas phase at T2 (only CaCO3 is present in the
bed), heat plateau at T3 (both CaO and CaCO3 are present in the
bed) and the initial bed conditions at T4. The extended SFA consid-
ers three reaction points inside the reactor (see Fig. 3), which are:

1. Conversion of the feed gas to its equilibrium composition; this
is not influencing the bed composition and hence not moving.

2. Carbonation of left-over CaO, SMR and WGS reactions to a new
equilibrium value. This is influencing the bed composition with
a moving front (velocity u1).

3. Partial carbonation of CaO, SMR and WGS reactions to a new
equilibrium value, again affecting the bed composition with a
moving front (velocity u2).

The distinction between reaction and heat exchange fronts is no
longer made in the ESFA. The detailed ESFA equations can be found
in Table 4. This system of equations was solved using Matlab�.
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Table 4
Equations solved in the extended sharp front approach.

Gas equilibria:

KSMR ¼ p3H2
pCO

pCO2 pH2O
1
p0

� �2
¼ f ðTÞ; KWGS ¼ pH2 pCO2

pCOpH2O
¼ gðTÞ,

log
pCO2
p0

� �
¼ 7:079� 38000

4:574T

Gas component mass balance, valid for all the gas components:
Fm;n�1wi

g;n�1�Fm;nwi
g;n

Mi
w

� minSMR;n � minWGS;n � minCarb;n ¼ 0

Gas mass balance:

Fm;n ¼ Fm;n�1 � nCarb;nM
CO2
w

Solid mass balance for CaO for front 2 and 3

u1qs;2ws;CaO;2 ¼ u1qs;3ws;CaO;3 � nCarb;2M
CaO
w

u2qs;3ws;CaO;3 ¼ u2qs;4ws;CaO;4 � nCarb;3M
CaO
w

Solid mass balance for CaCO3 for front 2 and 3

u1qs;2ws;CaCO3 ;2 ¼ u1qs;3ws;CaCO3 ;3 � nCarb;2M
CaCO3
w

u2qs;3ws;CaCO3 ;3 ¼ u2qs;4ws;CaCO3 ;4 � nCarb;3M
CaCO3
w

Energy balances for front 1, 2 and 3
Fm;1Cpg;1T1 � Fm;2Cpg;2T2 � nSMR;1DHSMR � nWGS;1DHWGS ¼ 0
Fm;2Cpg;2T2 � Fm;3Cpg;3T3 þ u1Cps;3qs;3T3 � u1Cps;2qs;2T2 � nSMR;2DHSMR � nWGS;2DHWGS � nCarb;2DHCarb ¼ 0
Fm;3Cpg;3T3 � Fm;4Cpg;4T4 þ u2Cps;4qs;4T4 � u2Cps;3qs;3T3 � nSMR;3DHSMR � nWGS;3DHWGS � nCarb;3DHCarb ¼ 0

Table 5
Operating conditions for step 1: Sorption enhanced reforming.

Conditions Range tested Standardcasea

Feed temperature [K] 723�1223 923
Initial bed temperature [K] 723�1223 923
Pressure [bar] 5–35 35
Steam to carbon ratio [–] 2–10 5
Feed mass flux [kg/m2 s] 0.02�16 1
Superficial gas velocity [m/s] 0.0025�2 0.125
w [kg/kg ] 0.02�0.6 0.1
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3. Results and discussion

Simulations have been performed with the pseudo-
homogeneous model for all the three process steps. Front velocities
and temperatures have been calculated with the sharp front
approach and with the extended sharp front approach, depending
on the step, and compared with the PHM to assess the reliability of
the two simplified approaches. The operating conditions and the
results are discussed in the following sections.
CaO bed

a Standard case based on the operating conditions of Fernandez et al. [9].

3.1. Step 1: Sorption enhanced reforming

During this process step sorption enhanced reforming (SER)
occurs. The reactor is fed with a mixture of steam and methane,
where the steam-to-carbon ratio (SC-ratio) defines the composi-
tion of the feed, and hydrogen, steam and traces of CO, CO2 and
CH4 are formed. The aim of this step is to realize a high hydrogen
purity of the product stream and therefore a high methane
conversion.

The operating conditions used for the simulations (typical for
hydrogen production with CO2 capture) are shown in Table 5.
The suggested values of Fernandez et al. [9] are used as reference
case and the parameters were changed one at a time.

In Fig. 4 the axial profiles of the temperature, the gas and solid
composition with the conditions of the standard case are shown.
During the process, the solid phase CaO at the beginning of the
reactor bed is fully converted to CaCO3. There only endothermic
gas phase reactions prevail (SMR and WGS) and they reach their
equilibrium, which results in a temperature decrease at the begin-
ning of the reactor. The equilibrium gas moves through the bed till
unconverted CaO is encountered, where the carbonation takes
place consuming CO2 and hence subsequent SMR and WGS occur,
leading to high methane conversions towards hydrogen. The solid
phase is slowly converted and a reaction front is formed. The over-
all reaction heat production is close to zero, but the heat produc-
tion and consumption does not occur at the same place, since the
different reactions do not take place at the same position: first
SMR and WGS take place that form CO2 which then reacts with
CaO. This separation in positions of heat consumption and heat
production causes a decrease followed by an increase in the tem-
perature and a heat plateau is formed. Due to the CaCO3 equilib-
rium, the reaction front will not convert all CaO at high
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Fig. 4. Axial temperature (a), gas (CH4 (b), H2 (c) and CO2 (d)) and solid (e) composition profiles inside the bed at different moments in time (Dt = 250 s) at the conditions of
the standard case of the Sorption enhanced reforming step (see Table 5).
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temperatures. As the heat exchange front is approached, the bed
cools down and immediately carbonation will take place again.

To better elucidate what happens during the process the reac-
tion rates as a function of the axial position for a single time frame
have also been plotted in Fig. 5. The initial SMR and WGS reactions
to achieve gas phase equilibrium take place in the first part of the
reactor. The carbonation and subsequent SMR and WGS reactions
at both fronts can clearly be seen from this figure. Already here it
is clear that the assumption of the SFA of distinct reaction and heat
fronts is not valid for this reaction step using these operating con-
ditions as reactions occur at both fronts.

Both front velocities have been analyzed for the performed sim-
ulations with the pseudo-homogeneous model (PHM) varying the
weight fraction of CaO in the bed. A comparison has been made
with the predicted SFA values and is shown in Fig. 6a. As can be
seen, the reaction front velocities calculated with the PHM match
reasonably well with the SFA values (except for very low values
of the CaO weight fraction in the bed), while the heat exchange
front velocities do not, and especially the linear trend predicted
by the SFA is not found with the PHM model. This discrepancy is
caused by the CaCO3 equilibrium; the partial carbonation of CaO
is not taken into account in the SFA. Due to this effect, the heat
exchange front is a hybrid front, having a different velocity than
what is estimated by the SFA. The extended SFA (ESFA), taking this
equilibrium properly into account, is very well capable to predict
the behavior of this process step correctly (see Fig. 6b). The ESFA
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is also able to describe the temperature of the heat plateau, pro-
vided that the assumption of a sharp front is valid. This assumption
is, however, not completely valid for regimes with a very high or
very low CaO weight fractions in the bed, explaining the observed
small differences.

Subsequently, the influence of several operating conditions on
the systems behavior and performance was investigated.

The influence of the feed composition, described by the SC-
ratio, has one major effect. The gas leaving the bed contains a
CO2-fraction in equilibrium with the solid bed. This fraction
depends only on the temperature and is via SMR and WGS in equi-
librium with the CO and CH4 fractions. As the CO2 fraction is only
dependent on the temperature, a change in SC-ratio does not
change the CO2 fraction in the product gas. An increase in carbon
content of the overall gas however, results in higher equilibrium
fractions of CH4 and CO, decreasing the overall methane conversion
of this process step. The simulation results confirm this effect, a
lower SC-ratio leads to a lower yield and lower methane conver-
sions. Also, a lower hydrogen purity is obtained. For example, a
SC-ratio of 3 results in a hydrogen purity of 90%, having a yield
of only 67%. For further simulations, a SC-ratio of 5 is assumed to
achieve 95% hydrogen purity and a yield of 85%. Higher SC-ratios
increase the purity and conversion even more, however, they are
less economically viable as the overall efficiency of the process
decreases (due to the higher energy requirements for steam
production).

The effects of different bed and feed temperatures were also
studied. Carbonation kinetics have been found to be rate limiting,
and thus a rather high temperature is needed to ensure stable
operation with clear breakthroughs of the output gas. A tempera-
ture of 923 K for both feed and reactor bed have been found to
be sufficient at the given flow rates. A higher initial bed
temperature is not desired, as a higher temperature leads to an
increase in the CO2 fraction in the output gas, which would in its
turn result in a significant decrease in hydrogen purity and yield
of the process.

The influence of the fraction of CaO in the bed was also studied.
A comparison of different bed compositions has been made, the
hydrogen purity curves as a function of time on stream are shown
in Fig. 7a. For all the cases three different zones can be identified
(A, B and C in Fig. 7a) and are described as follows:

A. Pre-breakthrough; here we have the product of SER before
the first front reaches the outlet of the reactor and the
hydrogen purity exceeds 95%

B. Breakthrough of the first front; this correspond to the heat
plateau, the gases are hot and the hydrogen dry fraction is
lower due to the equilibrium of the carbonation reaction.

C. Breakthrough of the second front; after the second front goes
out from the reactor no CaO is left in the reactor and the gas
is at the equilibrium at low temperature.

At increasing CaO fractions, the following effects can be dis-
cerned. The length of plateau A increases, which is caused by the
increase in the CO2 absorption capacity. The purity for plateau B
increases as well, to a maximum value at 25 wt.% CaO. This
increased purity is caused by the higher CaO content at the heat
plateau, as well as the higher temperature. Plateau B is not found
for 40 CaO wt.%. For this bed composition, the heat plateau is not



Table 6
Operating conditions for step 2: Cu oxidation.

Conditions Range tested Standardcasea

Feed temperature [K] 298�523 423
Initial bed temperature [K] 700�800 800
Pressure [bar] 5–35 35
Feed mass flux [kg/m2 s] 0.2�20 2
Superficial gas velocity [m/s] 0.007–0.7 0.07

Solid bed compositionb

wCaCO3 [kg/kgbed] 0.199 0.199
wCu [kg/kgbed] 0.05–0.4 0.301

Gas feed compositionb

yO2
0.01–0.2 0.036

yCO2
0–0.02 0

a Standard case based on the operating conditions of Fernandez et al. [9].
b The remaining fraction is inert solid (Al2O3) and inert gas (N2).
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hot enough to form a hybrid front, a distinct heat exchange front is
formed. The breakthrough of the distinct heat exchange front is not
visible, as temperatures are low and SER is still taking place. Pla-
teau C does not change, as this is the hydrogen dry molar fraction
after full bed conversion, corresponding at SMR and WGS
equilibrium.

To be able to compare the process performance for cases with a
different CaO weight fraction, the productivity, described as mass
of hydrogen produced per mass of calcium oxide in the bed, was
calculated (Eq. (14)) for all bed compositions:

Pbed ¼
R
yH2 ;out

M
H2
w

Mout
w;gas

Fm;outdt

w0
actqsLbed

ð14Þ

In Fig. 7b it can be seen that a maximum productivity is found at
about 20% wt.% CaO. This could have already been inferred from
Fig. 7a, as the intermediate hydrogen purity plateau for 20 wt.%
is above 95% purity. For lower CaO weight fractions, the intermedi-
ate plateau is below 95%. A significant production of second level
(>88%) hydrogen purities is found. For higher CaO weight fractions,
the same high hydrogen purity plateau is found. However, the pla-
teau temperature decreases, resulting in slower kinetics and thus a
less sharp breakthrough curve. A small amount of CaO is then used
to produce lower hydrogen purities, leading to a decrease in high
purity hydrogen production. The SC-ratio has little influence on
the carbonation kinetics and thereby on the front velocities, but
it is very important for the product gas composition. The main pro-
duct gas will be the gas that is in equilibrium with the solids at the
initial bed temperature. A higher amount of carbon, corresponding
to a lower SC-ratio, results in higher equilibrium CH4 and CO frac-
tions, increasing the loss of carbon in this process step.

The required inlet gas velocity is in the order of 0.1 m/s, which
is up to one order of magnitude lower than the industrial standard
for packed bed reactors. If the flow rates are too high, or kinetics
too slow, no sharp fronts are formed, which leads to a loss of CO2

adsorption capacity. A way to increase kinetics and hereby allow-
ing using higher flow rates is applying higher feed and higher
bed temperatures or increasing the operating pressure. The car-
bonation kinetics are found to be rate limiting for the methane
conversion, meaning that SMR and WGS kinetics have no direct
influence. The required temperature is close to 923 K and a high
pressure of 35 bars is needed for the carbonation at the high
temperatures considered.
3.2. Step 2: Copper oxidation

During this process step the reactor is fed with a mixture of
nitrogen and oxygen, using air diluted with recycled nitrogen gas
as feed. The oxygen in the feed oxidizes the copper in the bed,
forming copper oxide (Eq. (8)), which is needed for the third pro-
cess step. Important for this step is to minimize the calcination
of CaCO3. As the formed CO2 cannot be captured, any calcination
that takes place in this step reduces the carbon capture efficiency
of the overall process.

Simulations have been performed to get a better understanding
of the behavior of the system during the Cu-oxidation step. The
standard conditions proposed by Fernandez et al. [9] are used
and the influence of several process parameters is studied. The
considered operating conditions have been summarized in Table 6.

The results of the PHM simulation at reference conditions are
shown in Fig. 8. The oxygen fed into the reactor initiates a reaction
front which is moving through the bed. In contrast to the first pro-
cess step, the copper oxidation is not an equilibrium reaction, lead-
ing to distinct heat exchange and reaction fronts and a potentially
very high temperature at the formed heat plateau. Too high tem-
peratures promote calcination, which should be avoided in this
process step. In all simulations, sharp fronts have been found, as
well as an established temperature plateau moving through the
bed. As can be discerned from Fig. 8c, for the reference conditions
a significant fraction of CaCO3 is lost.

To gain further insight, the axial profiles of the reaction rates
after 500 s in process step 2 are shown in Fig. 9. The results show
that, at the beginning of the heat plateau copper oxidation takes
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place, as well as some calcination. The second front does not show
any reaction, proving it to be a distinct heat exchange front. Given
the distinct fronts, the SFA may be a viable option to describe this
process step.

For this process step, in the sharp front approach, only copper
oxidation is considered as gas/solid reaction, as calcination
depends on the heat generation of the copper oxidation and is
not directly dependent on the gas feed composition. To investigate
whether the SFA is able to describe the process well, copper frac-
tions and oxygen feed fractions have been and the resulting front
velocities have been compared with the PHM results. As can be
deduced from Fig. 10a, the front velocities of both models match
very well, meaning that the simple SFA can be used to describe this
process step.

The temperature rises as estimated by the SFA have been com-
pared to the results from the PHM and are shown in Fig. 10b. Both
models predict very high temperature differences for certain feed
and bed compositions. Of course, these high temperatures
(>1200 K) are never achieved in reality, due to sintering and even-
tually melting of the solids. Still, the estimation for such high tem-
peratures can be used to evaluate the possibility of significant
calcination during this process step. However, for a small range
of bed and feed compositions the results of the models match. This
is for low oxygen fractions, low copper fractions and high copper
fractions, which corresponds to the range where not too high tem-
perature changes are found.

To avoid too much calcination, the temperature of the heat pla-
teau should not exceed 1100 K. As the initial bed temperature is
approximately 800 K, a maximum temperature rise of only 300 K
is allowed. However, the feed temperature is only 400 K, which
would allow a temperature rise of 700 K. This can be achieved by
operating in the regime ur < ue. This means that the copper fraction
should exceed 0.25 and small oxygen fractions should be used
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(<5 mol%). Taking into account the total capacity of the bed, the
largest amount of copper possible should be used.

The optimization of this reaction step is found in the minimiza-
tion of calcination. Due to the high fraction of nitrogen, the escap-
ing CO2 cannot be captured, which has a negative effect on the
carbon capture efficiency of the process.

The amount of calcination is quantified by the percentage of
CaCO3 that is left in the reactor after full copper oxidation. Several
conditions can be changed to minimize calcination, aside from
changing the bed composition:

1. Reactor pressure
2. CO2 addition in the feed
3. Feed temperature
Air

N2 + CO2

N2 + O2 + CO2

QO2

Fig. 11. Actual flow diagram for the
These parameters have been varied while maintaining the other
conditions as defined previously.

The reactor pressure affects the CO2 equilibrium concentration.
A reduction in reactor pressure leads to an increased driving force
for calcination. In addition, calcination kinetics is favored by low
pressures via the pressure correction term, increasing the total
amount of calcination. For the reference case, i.e. at 35 atm, the cal-
cination decreases the CaCO3 mole fraction to 0.14, from an initial
mole fraction of 0.171. At lower pressures more calcination takes
place, and at 1 atm only a CaCO3 mole fraction of 0.11 is left. It is
clear that lower pressures promote calcination, so high pressures
are required for this process step.

To reduce calcination at high temperatures, CO2 can be added to
the feed stream. At a CO2 mole fraction of 0.01 in the feed, at 35 bar
and with a maximum temperature of 1100 K, no calcination takes
place. A higher CO2 fraction in the feed increases the maximum
allowed temperature. The loss of CaCO3 during the reaction is sig-
nificantly reduced. A small fraction of CO2 in the gas stream
reduces the loss of calcium carbonate by 15% points. One extra
consideration concerns the flow integration, as shown in Fig. 11.
Most probably, a large part of the product gas of this process step,
pure nitrogen with a minor CO2 contamination, will be recycled.
This recycle stream is mixed with the air feedstock to obtain the
required low O2 fraction in the feed for this process step. Any con-
tamination of CO2 is recycled as well, resulting in a fraction of CO2

in the feed. The actual loss of CO2 is then reduced to the CO2 in the
non-recycled part of the product gas.

To reduce the maximum temperature the feed temperature can
be lowered. Due to the lower temperature of the heat plateau, the
driving force for calcination is decreased. For a feed temperature of
423 K (reference case), the fraction of CaCO3 left is 0.14, whereas
for lower temperatures, e.g. 298 K, less calcination is observed.
However, a low inlet temperature results in a lower reactor tem-
perature at the end of this process step. Given that the bed should
be very hot in the third step, an optimum should be found.

Summarizing, calcination during this process step can be mini-
mized by reducing the maximum temperature achieved by
decreasing the bed copper fraction and oxygen feed fraction.
Another option is to lower the feed temperature while keeping
the bed temperature high. This would allow reducing the maxi-
mum temperature in the bed while avoiding problems in oxidation
kinetics. Using higher pressure is beneficial for the process perfor-
mance, however, operation at higher pressures comes at a high
cost. A viable option is to feed a small fraction of CO2 to remove
the driving force for calcination. This small fraction of CO2 is in
the product gas as well, which is less favorable. However, due to
the recycle, there is already some CO2 in the feed and only a small
fraction of the CO2 will be lost via the product gas.

Fig. 12 shows the percentage of calcium carbonate left in the
reactor after full copper oxidation. Of course any combinations of
the above strategies can be used (not shown for brevity).
2
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copper oxidation process step.



0 10 20 30 40
60

65

70

75

80

85
C

aC
O

3 l
ef

t (
%

)

Pressure (bar)
0.000 0.005 0.010 0.015 0.020 0.025

80

85

90

95

100

C
aC

O
3 l

ef
t (

%
)

yCO2,in

273 373 473 573
60

70

80

90

100

C
aC

O
3 l

ef
t (

%
)

Feed temperature (K)

(a) (b)

(c)

Fig. 12. CaCO3 left in the bed as a function of different operating conditions in the Cu oxidation step: pressure (a), CO2 fraction in the feed (b) and feed temperature (c).

Table 7
Operating conditions for step 3: CaCO3 calcination.

Conditions Range tested Standardcasea

Feed temperature [K] 823�1023 1023
Initial bed temperature [K] 823�1023 923
Pressure [bar] 1 1
Superficial gas velocity [m/s] 1 1

Solid bed compositiona

Cu/Ca molar ratio 1.3–3.5 1.7
wCaCO3 [kg/kgbed] 0.14–0.25 0.219
wCu [kg/kgbed] 0.26–0.4 0.296

Gas feed composition
yCH4

0–1 0.02
yCO 0–1 0.24
yH2

0–1 0.74

a The remaining fraction is Al2O3.
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3.3. Step 3: CaCO3 calcination

The goal of this process step is calcination of CaCO3 to CaO by
using the heat generated by the reduction of copper oxide. To
decrease the heat needed for calcination, the reactor is operated
at atmospheric pressure. At this pressure the CO2 equilibrium frac-
tions is much higher at lower temperatures promoting calcination.
The gas feed is a combination of fuel gases: H2, CO and CH4. Due to
the different reaction heats of these fuel gases, Eq. (5) to Eq. (7), the
required Cu/Ca-ratio in the bed depends on the gas feed composi-
tion. If pure hydrogen is fed the Cu/Ca molar ratio needed is 1.8, for
pure CO the ratio is 1.3 and for pure methane 3.5. These ratios have
been calculated from the enthalpies of reaction in order to have
energy neutral operation. The goal of this process step is to pro-
duce a maximum amount of high dry purity CO2 while regenerat-
ing the bed for process step 1. Tuning variables for this process step
is the composition of the fuel gas feed, as well as the feed and bed
temperature. The Cu/Ca-ratio is fixed by the choice of the fuel gas
composition.

Simulations have been performed to get a better understanding
of the process step. The standard conditions suggested by Fernan-
dez et al. [9] were used and the effect of several parameters was
checked (used conditions can be found in Table 7). For all simula-
tions, the Cu/Ca-ratio has been adjusted to keep the heat effect of
the overall solid reaction zero.

The outcome of the reference case is shown in Fig. 13. The cop-
per reduction, required to heat the bed, is faster than the calcina-
tion, resulting in a high temperature peak in the reactor. The
temperature of the peak is highly dependent on the Cu/Ca-ratio,
on the kinetics of the copper reduction and on the calcination
kinetics of CaCO3. The temperature peak moves through the reac-
tor, followed by a heat exchange front moving with a much lower
velocity. The solids are converted to Cu and CaO and CO2 is formed
in the gas phase. As the reactor gas contains all components
needed for SMR and WGS, and given that the bed is still catalytic,
SMR and WGS reactions take place. These reactions result in tem-
perature changes at the beginning of the reactor, strongly depend-
ing on the feed gas composition. The product gas contains CO2

from the calcination reaction and H2O and CO2 from the copper
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reduction. This outlet stream of CO2 is the carbon capture of the
entire process. Of major importance for this process step is full cal-
cination of CaCO3 and a stable output of carbon dioxide. Any con-
tamination, apart from steam, such as unconverted methane or CO,
reduces the carbon capture efficiency.

For one single time frame, at t = 160 s, the reaction rates have
been shown in Fig. 14. The calcination and copper reduction take
place at the temperature peak, as expected, and a distinct reac-
tion front moves through the bed. The gas phase reactions show
a different behavior. At the very beginning of the bed, WGS and
reverse SMR take place, forming an equilibrium gas. Due to these
gas phase reactions, the gas is heated approximately 100 K. At
the temperature peak some reverse WGS takes place, as a conse-
quence of the higher temperature, but after the reduction reac-
tions take place H2 is removed faster than CO and the WGS
equilibrium is shifted to the left, so the WGS reaction takes place.
The WGS at the reaction front influences calcination, as the CO2-
fraction is affected. Forward WGS would lead to slower calcina-
tion, as more CO2 is present in the gas phase. Reverse WGS has
the opposite effect, which can be observed for the pure hydrogen
feed case.

As ur > ue, the feed temperature is not so important for this
process step, but the initial bed temperature is. A decrease in bed
temperature by only 100 K leads to large differences as can be dis-
cerned by comparing Figs. 13 and 15. For the lower bed tempera-
ture, not all CaCO3 can be calcined at the reaction front due to
thermodynamic limitations. Full calcination only takes place at
the heat exchange front, which means immediate loss of high pur-
ity CO2 output suitable for sequestration.

As already mentioned above, three different fuel gases have
been considered. Besides from determining the required Cu/Ca-
ratio for autothermal operation, the fuel gas composition also
influences the reactor behavior during this process step. If pure
hydrogen is fed as fuel gas, CuO is reduced, forming H2O at the
front. Consequently CaCO3 is calcined, forming CO2. Reverse WGS
takes place between the H2 feed and the formed CO2, lowering
the fraction of CO2 in the system and hereby stimulating calcina-
tion. Full calcination takes place at the reaction front. For lower
temperatures however, kinetic limitations have been found to play
a role.

Feeding pure CO makes no sense from a practical point of
view, but the results are insightful for comparison. As only CO2

and CO are present in the gas, no SMR or WGS reactions take
place. For lower temperatures again a kinetic limitation has been
observed for the calcination, even more pronounced when feed-
ing pure H2, because the driving force for calcination is some-
what lower due to the absence of reverse WGS. In addition,
less sharp fronts are formed caused by the slower copper reduc-
tion kinetics.

Pure methane can also be used as feed. The reduction of copper
oxide leads to the formation of CO2 and H2O, resulting in WGS and
SMR reactions. When using pure methane as feed the required



0.00 0.25 0.50 0.75 1.00 1.25 1.50
900

1000

1100

1200

Te
m

pe
ra

tu
re

 (K
)

Axial position (m)

0.00 0.25 0.50 0.75 1.00 1.25 1.50
0

200

400

R
at

e 
(k

m
ol

 s
-1
m

-3

Axial position (m)

Calcination
 Reduction with H2

 Reduction with CO
 Reduction with CH4

0.00 0.25 0.50 0.75 1.00 1.25 1.50
-100

0

100

R
at

e 
(k

m
ol

 s
-1
m

-3

Axial position (m)

 SMR
 WGS

)
)

(a)

(b)

(c)

Fig. 14. Axial temperature profile (a) and local rates of gas-solid reactions (b), SMR
and WGS (c) at t = 160 s at the conditions of the standard case of the CaCO3

calcination (see Table 7).

M. Martini et al. / Chemical Engineering Journal 303 (2016) 73–88 85
Cu/Ca-ratio is very high, which reduces the calcium content in the
reactor significantly. However, for the process most probably a
mixture of hydrogen, carbon monoxide and methane is used, as
any undesired product gas from the other steps can be used as fuel
gas for this step. It should also be noted that most probably feeding
pure methane would also result in carbon deposition in the system,
which reduces the carbon capture efficiency.

Also for this process step the results of the PHM have been
compared with the ones from SFA. The approach differs from
the other two steps, as the overall solid reaction is energy neu-
tral. According to the SFA, assuming infinitely fast reactions, no
temperature plateau is found between the heat exchange front
and the reaction front at proper Cu/Ca-ratios. The front velocities
as found by the SFA are compared to those obtained from the
PHM, shown in Fig. 16.

The reaction front velocities are well estimated, whereas a
small underestimation is found for the heat exchange front
velocity, probably caused by the fact that the heat exchange front
is not sharp. For a mixture of CO and H2 similar results have been
found (not shown).

The feed composition, pure fuel gas, results in a very fast reac-
tion front, which exceeds the heat exchange front velocity by at
least a factor of three, so that the initial bed temperature is more
important than the feed temperature. A very important require-
ment is full conversion at the reaction front. As ur exceeds ue sig-
nificantly, it would be very expensive to wait for the heat
breakthrough while continuously feeding fuel gas. This process
step should therefore be ended at the breakthrough of the first
front.
For this process step complete reduction of copper is easily
achieved, but full calcination of CaCO3 is not. A high initial bed
temperature of 1023 K is required to overcome thermodynamic/
kinetic limitations at the reaction front. Pressure is another param-
eter to overcome these limitations. As lower pressures promote
calcination, the reactor should be operated at atmospheric
pressure.

The mixture of feed gases should have as low carbon content as
possible, given the formation of CO2 due to SMR and WGS. CO2

arriving at the front inhibits calcination, which is undesired. This
can be easily handled by setting a higher bed temperature and
it is only important at lower bed temperatures (i.e. below
1023 K).
3.4. Process integration

The analysis of all three process steps leads to three different
operating windows and associated process performances. The
results of the cyclic steady state computed with the PHM for sev-
eral cycles of the three consecutive process steps are compared
to conventional processes. The performance parameters are the
hydrogen production capacity and carbon capture efficiency.

The bed composition is determined by the selected fuel gas
composition the copper reduction process step. This fuel gas deter-
mines the Cu/Ca-ratio needed for energy neutral operation. An
analysis has been made on the actual weight fractions of copper
and calcium in the bed for the different fuel gases during the three
process steps. The values are based on two starting materials: a
70 wt.% Cu material on an Al2O3 carrier and a 40 wt.% CaO material
on an Al2O3 carrier. The nickel catalyst with carrier in the bed is
taken into consideration as being 20 wt.% of the bed, considered
inert and included in the alumina fraction.

As already shown previously, to optimize the pure hydrogen
production in the SER step, the amount of CaO should be close to
20 wt.%. For the copper oxidation step a constraint has been found
for the reaction front velocity. This velocity should be decreased to
minimize the heat at the heat plateau. A slower reaction front is
achieved by adding more Cu in the bed. The minimum percentage
of copper in the bed depends on the oxygen fraction in the feed
during this process step, but should at least exceed 25 wt.%. The
third step determines the Cu/Ca-ratio for energy neutral operation
at different fuel gases. The exact gas composition used is the tuning
parameters for the bed composition.

The constraints are combined and shown in Table 8. As can be
seen, the constraints from step 3 are the most determining con-
straints. It should be noted that the wt.% of copper and calcium
oxide are correlated and cannot be chosen independently. The cal-
cium oxide constraints cannot be matched. The closest option
would be the use of pure CO as a reduction gas. This is however
not viable, as there is no logical source for pure CO gas in the pro-
cess. More practical would be the use of a mixture of H2, CO and
CH4. The maximum CaO weight fraction would be approximately
0.15 wt.%, resulting in a minor production of low purity H2 gas.

Using the mixture of reduction gases, the copper constraints are
satisfied, no issues are found for the copper oxidation step. It is
clear that the constraints match quite well and the process has a
viable process window. For instance, a change in the bed materials
would be sufficient to satisfy the constraints.

The performance of the overall process is evaluated for two
specific cases, defined by the fuel gases used in step 3 and shown
in Table 9. These two cases are: pure H2 feed and a 0.2 CO/0.8
H2-mixture, with the Cu/Ca-ratio of 1.79 and 1.69 respectively.

The performance parameters are the thermal efficiency and the
carbon capture efficiency. The thermal efficiency is the output
lower heating value (LHV) over the input LHV, Eq. (15). The carbon
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capture efficiency is defined as the molar carbon input over the
molar carbon output, Eq. (16).

gthermal ¼
LHVH2 ;product

LHVfeed
ð15Þ

gcarb ¼
FCO2 ;captured

FC;feed
ð16Þ

Table 9 shows the thermal efficiency of the process for hydro-
gen production: 71.9–73.6%. This is in close correspondence with
the value of 72.5% given by Fernandez et al. [9]. Ochoa-
Fernandez et al. [29] determined efficiencies for different SMR
and SESMR processes and found values in the same range. The con-
ventional process, without carbon capture, has a thermal efficiency
of 86%. If carbon capture is integrated, this value is reduced to 71%.
The carbon capture efficiency of the overall process is close to 80%.
The carbon losses in the system are found as unconverted methane
leaving the reactor during SER (11–14%), and due to undesired cal-
cination of CaCO3 in step 2 (4–5%). These losses are higher than
described by Fernandez et al. [9], who had found an overall carbon
capture efficiency of 87.5%. The difference is mainly caused by the
fact that our model takes the physical properties of the gasses and
solids as function of operating conditions fully into account.

Interestingly, a mixture feed containing 20% carbon gases for
step 3 does not negatively affect the carbon capture efficiency,
whereas the total hydrogen production is increased due to the
lower Cu/Ca-ratio. On the other hand, the mixture requires a
100 K higher initial bed temperature to reach full conversion of
CaCO3. The fuel gas required to get to this temperature is not con-
sidered in this analysis. As the process is still in a very early stage of
development, an elaborate heat integration study to determine
these values is part of future work.
4. Conclusion

The three steps of the Ca-Cu process have been modelled suc-
cessfully using a 1D pseudo-homogeneous model (PHM). A simpli-
fied model has been developed using a sharp front approach (SFA),
which is able to describe the process behavior as found by the PHM
for process steps 2 (Cu oxidation) and 3 (CaCO3 calcination). For
the SER step in the process, an extended SFA was required, due
to the CO2 equilibrium with the solid. The simple models has been
successfully validated by the PHM and by simulation results taken
from literature. The SFA and ESFA enable an enormous decrease in
calculation time from days to seconds, which will also be very use-
ful for process optimization.

Operational process windows have been developed for all three
process steps, regarding bed compositions, feed compositions,
pressure and temperatures. For every single process step a sensi-
tivity study has been carried out. A gas stream containing 95%
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Table 8
Constraints in the bed composition for every process step.

CaO Cu Dimension

Step 1 w � 0.2 – kg=kgbed
Step 2 – w > 0.25 kg=kgbed
Step 3 0.093 < w < 0.165a 0.216 < w < 0.348a kg=kgbed

a The upper limit for CaO comes together with the lower limit of Cu.

Table 9
Total process performance for two different fuel gases in step 3 (CaCO3 calcination).

Pure H2 20% CO + 80% H2 Dimension

Bed composition
Cu/Ca molar ratio 1.79 1.69 molCu=molCaO
wCaO 0.142 0.146 kg=kgbed
wCu 0.287 0.279 kg=kgbed

Step 1
Operation time 400 425 s
CH4 in the feed 2.04 2.22 molCH4 =m

2 s
H2 in the outlet 7.01 7.61 molH2 =m

2 s
CO2 loss 0.290 0.315 molC=m2 s

Step 2
Operation time 1025 990 s
O2 in the feed 1.39 1.20 molO2 =m

2 s
CO2 loss 0.112 0.315 molCO2 =m

2 s

Step 3
Operation time 415 400 s
H2 loss for reduction 2.95 2.29 molH2 =m

2 s
CO loss for reduction 0.00 0.572 molCO=m2 s
CO2 formed 1.59 2.210 molCO2 =m

2 s

Overall
Total Cycle time 1840 1815 s
Carbon capture efficiency 77.8% 79.1% –
Thermal efficiency 71.9% 73.6% –
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hydrogen is produced during the SER process step with a SC-ratio
of 5. The optimum performance of the process is found with a bed
composition of approximately 20 wt.% CaO. Higher as well as lower
CaO fractions result in a decrease in the high purity hydrogen pro-
duction. A relatively low temperature of 923 K is used in this pro-
cess step. During the consecutive copper oxidation step calcination
is minimized by a small CO2 fraction in the feed due to a recycle of
product gas. The maximum allowed temperature results in a the
requirements of >25 wt.% Cu in the reactor bed and less than
5 mol% O2 in the feed. The solids regeneration step is operated
energy neutral, resulting in a Cu/Ca-ratio determined by the fuel
gas. Combined with the starting materials, this ratio results in con-
straints for the bed composition for the entire process. For step 1,
the calcium oxide restriction is 0.093 < CaO wt.% < 0.165. For step
2, the constraint is 0.216 < Cu wt.% < 0.348. A trade-off is found
using a CaO weight fraction of about 15 wt.%, giving a small loss
in low purity H2 production during step 1.

The found carbon capture efficiency of the process is close to
80%, which is 7.5% lower than the expected efficiency by Fernandez
et al. [9]. The thermal efficiency of the process is similar to their
value, 71–74%, which is slightly better than the carbon integrated
conventional process (71%) [29]. It should be noted though, no
amines or any other specialty chemical is used in this process.
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