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INTRODUCTION 

The simultaneous flow of liquid and gas through a packed column is 
an important operation in chemical and other industries. Such operations are 
applied in gas absorption towers, distillation towers and chemical reactors 
(e. g. trickle flow hydrodesulfurization reactors). The aim of such packed 
towers is to distribute the liquid phase over a large surface area facilitating 
mass transfer. Little is known about the behaviour of liquid flowing across 
such discontinuous surfacesl,2,3,4. 

In the present investigation only water-air systems were studied. The 
water phase always flowed under gravity while the air flowed in both co
current and counter-current directions, but the gas phase was always es
sentially continuous (trickle flow). 

The problem of the residence time distribution at trickle flow has 
been the subject of only a few investigations. Some investigators reported 
only a very small deviation from piston flow (no spread in residence time) 
while others found very large deviations. It was thought that the static hold-up 
which has been found to exist in packed columns could be a very important 
parameter having a direct relation to the residence time distribution. Packings 
of small elements have large static hold-ups. By coating the elements of the 
packing with a silicone resin, this static hold-up could be reduced and the 
influence of the static hold-up detected and separated from other effects 
causing a spread in the residence time distribution. 

Further, it was believed that it was necessary to study some other 
properties of packed columns to complete the picture obtained from the resi
dence time distribution. 
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I. RESIDENCE TIME DISTRIBUTION IN THE LIQUID PHASE FOR 
TRICKLE FLOW IN PACKED COLUMNS 

1-1. Introduction 

All the elements of a fluid entering a continuously working process 
vessel will generally not stay in the vessel exactly the same time. This 
means that fluid elements with different residence times are mixed up or 
overtake each other. 

As we often want to give all the fluid elements the same treatment, 
this intermixing will nearly always be unfavourable. In cylindrical vessels 
it is often convenient to distinguish between dispersion in axial and in radial 
directions as they mostly differ in order of magnitude. Good radial mixing is 
very important for mass and heat transport to the wall of the process vesseL 
Axial mixing might diminish the disadvantages of the "hot spot" in exothermic 
catalysed reactions, but has usually to be minimized. 

Especially in counter-current operations axial dispersion is serious. 
If a lot of real extraction stages are wanted, axial dispersion quickly becomes 
limiting. Miyauchi5 et al. considered dispersion in both phases at two
phase flow processes. Stemerding and Zuiderweg6 published a nomo
gram which shows with reasonable accuracy the influence of the dispersion at 
two-phase flow. 

In the present investigation only axial mixing at trickle flow opera
tion in packed columns is considered. 

Fig. Ia shows a typical example of influence of axial dispersion on 
the concentration profile at countercurrent operations. 
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From a material balance it follows that 

(Cin 
gas 

1 or 
p 
q 

P' 
q' =~m =E, 

-~~'-~f j(:._IV.J(.., _ .. &/'..:;( 4e.-t _...e. 
where E extraction factor. / / , {/ / / ~ _;(/., 

"~4"( e_ , ~ ~ p,JI'\_ ,A:..(/t' 

The concentration step at the entrifnce of the apparatus for the gas phase is 
equal to: 

Dgas 
ax 

ugas [
degas J . 

dx x=O 

I-2. Residence time distribution; the tracer technique 

The theoretical foundations of residence time distribution, experi
mental techniques and results have been extensively reviewed by Leven
s pie 17 and will only be briefly discussed here. The most common method 
to obtain residence time distribution data is to inject at the entrance of an 
experimental equipment a tracer which should disturb the physical properties 
of the system as little as possible; and to study the transient behaviour of 
the system by measuring the tracer concentration at the exit of the apparatus. 

Dan c k wert s 8 clearly defined the method and proposed the nomen
clature for such experiments. 

For an ideal tracer and an ideal injection function Fig. Ib shows a 
typical distribution function, in which 9 t/T, 'T = Y._ and C :;:: c/co. Co is 

Q 

g:~T 

I 
OUTPUT 

c 

l 
8=0 8 

Figure I-b 

Typical response to a pulse injection ( C diagram) 
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the concentration of injected tracer if evenly distributed over the vessel. 
Plotted in this way, the area under the curve is always unity. To obtain 
such curves it is, however, not necessary to know the actual absolute tracer 
concentration in entrance or exit as pointed out by Levens pie 19. 

It is also possible to inject tracer in the entrance stream continu
ously from a certain moment (HEA VYSIDE step function). Fig. Ic gives a 
typical response curve (see below). 

It can easily be shown that the F and the C diagram are related as*: 

F --fa F (9) C(9) d 9 . INPUT 
0 z·O 

10 _ ..... -......... ____ ---------------
OUTPUT 

e 
Figure I-c 

Typical response to a step function 

Instead of comparing distribution functions, it is sometimes convenient to 
compare the moments of the distribution curves: 

in which i-Lk is the kth moment around the origin. Most commonly used are: 

==mean 

2 
1-Lz - I-Ll = variance of the distribution function. 

A number of models of mixing and residence time distribution have 
been proposed. Piston flow (no mixing), ideal mixer (complete mixing) and 
intermediate mixing models have been discussed by several investigators 
(Levens pie l 7). Sometimes models are completely determined by the mean 

*See Levenspiel7 and Danckwcrts8. 
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residence time and the variance. Danckwerts8 and later Levenspiel and 
Smith 9 discussed a model in which the deviation from piston flow was 
described as a diffusion process. This model is called axially dispersed 
plug flow. They considered a double-infinite pipe: 

-a:> .... 1---

f-
H __ _,.,. .. +a:> 

INPUT OUTPUT 

Figure 1-d 

The material balance over a small length dx writes: 

(1) 

If we introduce the dimensionless ratio of ·convective and diffusion transport 
uH x a t u . Pe = 0 and further X = H and H, equatwn (1) becomes: 

it~ tA. 

With a delta Dirac function as input and without boundaries the solution 
becomes for X "' 1: 

and ~1 = 1 + ;e and variance a2 ~+ Pe 

(2) 

Other investigators compared the m1xmg with a cascade of mixed 
cells in series (see figure on the next page). 
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Cb .. cb ..... ------'----+ 

15t CELL 2nd CELL 

Figure I-e 

For an ideal pulse function the response becomes for the jth tank: 

.j '1 ___r:__ J-
(j-1)! 9 

-j9 
e . (3) 

Mean and variance are ~1 = 1 and o2 1 
T 

For small deviations from plug flow or j >> 1 equations (2) and (3) 

give about the same curves. Kramers and Alberda10 suggested~! $1::1 P
2 

J- e 
for j > 5 as a relation for comparing diffusion and mixing cell models. 
Other equations were suggested by Levens pie 112 and T r ambo u z e 13. 

Much more complicated models have been described for special 
purposes. Hooge n door n and Lips 14 considered a two-region model: a 
mobile phase with piston flow and a completely stagnant region. Between 
these regions mass exchange was assumed. 

The differential equations for this model are: 

q> ~; + u ~; + k(C - C*) = 0 for the mobile phase, 

(1 - q>) o~* + k(C* - C) = 0 for the stagnant phase. 

Boundary conditions: 

t = 0 C = C* = 0 volume of the mobile phase 
volume of the mobile + stagnant phase 

X = 0 c = 5(t) 

u mean velocity counted for mobile + stagnant phase, m/s 

k = mass transfer coefficient, s-1. 
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The three models discussed here have been proposed to explain 
residence time distribution in packed columns at trickle flow conditions. 

I-3. Literature data on trickle flow in packed columns 

Schiesser and Lapidus15 gave liquid data on residence time 
distribution for trickle flow in a bed of porous and non-porous spheres. For 
porous spheres they found strongly asymmetric response curves (tailing). This 
means that some tracer was held back in the column. 

De W a a 116 measured residence time distribution in a column with 
RASCHIG rings (2. 5 em). He did not find asymmetric curves (tailing). Inde
pendently of gas and liquid flow rate about one ~article layer formed an ideal 
mixer. However, with their column filled with 2" non-porous RASCHIG rings 
H o o g e n door n and Lips 14 found strong tailing in their response curves. 
They thought that exchange of tracer occurred between the moving part of 
the liquid hold-up (dynamic hold-up) and a stagnant hold-up fraction. It was 
found in their work that the volume of this stagnant hold-up was about that 
of the static hold-up (i.e. the liquid that does not drain from the packing 
when the liquid flow is stopped). In the moving phase they assumed piston 
flow. 

From the experiments they calculated the height of a mass transfer 
unit for mass transfer between dynamic hold-up and static hold-up: 50-88 em. 
A significant influence of the liquid flow rate but practically no influence of 
the gas flow rate was found. Kramers and AlberdalO used a sinusoidal 
tracer injection and found that 3-7 particle layers formed an ideal mixer 
depending on liquid and gas flow rate. Application of the dispersion and 
mixing-cell models was not always satisfactory. 

Otake et al.l7 found that the mixing was influenced by the static 
and dynamic hold-up. The ratio dp/dk was, however, relatively small which 
might have caused a "wall effect" in their experiments (see Table I). 

From Table I it follows clearly that even in the basic phenomena 
such as influence of gas flow rate, liquid flow rate and "tailing", there are 
considerable differences between the data and no general theory has until now 
been proposed to explain this. 

The present investigation was undertaken in view of the divergence 
in published data, in order to search for the basic phenomena and to give 
additional information for other experimental purposes. 



Reference Height Diameter dp, Water flow Air flow ''Traceru ''Tailing11 Model Influence Experimental ! 
column, column, rate, rate, proposed flow rate method 

m m em kg/m2fs kg/m2/s ? Gas Liquid 

De Waai 2.5 Mixing cells Step function 
3 0.3 7.5-19.2 0.372-1.04 NaCI Hroix ~ 1 dp - - measurement 

R.R. outside " the column 

Hoogendoorn 1.5 1.3 Mass transfer Pulse function 
et al. 0.4 2. 08- 5 0.013-0.13 NH4CI ...... Htrans"' + measurement · 

3 R.R. 55-88 em outside 
the column ar 

Kramers 1.0 etectro- Mixing cell Sinusoidal 
et al. 0.66 0.15 4.17-10.8 0-0.39 ? piston flow + + + input function 

R.R. 
lyte 

axial diffusion 
Hroix ~ 3-7 dp 

Schiesser 1.2 + Looks like Step function 
et al. 1.22 0.1 0.6 2.5- 6.4 0 NaCI for porous axial dispersed - Pulse function 

Spheres p~:;ng ping flow outside 
the column 

Kuniglta 1 0. 05 0.8 electro- Axial Measure menta 
et al. R.R. 2.2 -23.6 0.0111 lyte dispersed ? + outside 

1.5 0.14 2 ping flow the column 

Glaser radio- Purpose was Pulse injection 
et al. several active +* to find -
and columns tracer !m and "2 
Ross 

• Deduced from examples of their residence time distribution curves. 
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II. DESCRIPTION OF THE APPARATUS AND EXPERIMENTAL METHODS 

II -1. The columns and annexes 

In the present investigation we experimented on residence time dis
tribution on two columns; one with a round section ( ~ 0.1 m), the other 
with a square section ( ~ = 0. 2 m). The first column (Fig. 11-1) has been 
constructed before by Prost3 and has been described in detail in the 
annexes of his thesis. The second one was constructed specially for the 
present investigation to find the influence of scale factors. The water and 
air circuit were essentially the same as for the round column (Fig. II-1) and 
the air flow rates of both columns were measured by the same orifice plates. 
The arrangements of the packings of the two columns were essentially the 
same and are given schematically in Fig. II-2. Table II gives the dimensions 
of the packings used in the present investigation. 

II-2. Measurements on the hydrodynamic properties of co-current and 
counter-current flow 

Only the air-water system was studied in the present investigation. 
Residence time distribution was not the only experimental information that 
was gained in our experiments. At the same time we measured: 

- dynamic and static hold-up; 
- pressure drop in the gas phase; 
- gas and liquid flow rate; 
- porosity; 
- residence time distribution in the liquid phase; 

and sometimes 

- radial dispersion in the liquid phase; 
- residence time distribution in the gas phase. 

The hold-up was measured by simultaneous and rapid closure of the 
entry and the exit of the column, and then weighing the liquid collected from 
the column. A correction was applied for the liquid in the end sections of the 
column at the moment of closure. This quantity was previously measured by 
joining these sections and measuring the hold-up as a function of the liquid 
flow rate. 

The static hQld-up (i.e. the hold-up that had not drained from the 
packing after 10 minutes) was found by weighing dry and wet packing in a 
separate column section. The total hold-up Sdyn + Sstat = Stot thus found 
could be compared with that found from residence time distribution experi
ments discussed later. Dynamic hold-up values found by direct weighing are 
not well reproducible. Most investigators found that the dynamic hold-up is 
only defined within 10-20%. 

The gas flow rate was measured by means of orifice plates and 
since a water ring compressor was used, the relative humidity of the air 
was always greater than 80% and mostly the air was almost saturated. For 
very low gas flow rates a liquid-filled gas flow meter was used. The water 
flow was measured by calibrated "ROTA meters". The temperature of the 
water was kept at 20 oc. 
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The porosity was measured as follows: Water was very slowly intro
duced at the bottom of the column in order to avoid air bubbles as much as 
possible. Then the water level was lowered between two marked points and 
the liquid collected and weighed. This quantity was: 

As f'stat was already known e could be calculated. 
The pressure drop was measured with Prandl tubes. 

II-3. Experimental methods used in residence time distribution measure
ments 

In most of the earlier work, residence time distribution was 
measured outside the column. This means that either the liquid flowing out 
of the column had to be mixed (De W a a 116), or only the tracer concentra
tion in part of the liquid had to be considered representative of all the 
outflow liquid. It seems a rather inaccurate procedure to correct a residence 
time distribution curve for a more or less ideal mixer. On the other hand, 
S c h i e s s e r and Lap i d us 15 showed that in some cases axial mixing might 
vary with the radial position, so it is difficult to obtain a representative 
sample for the whole column. In our work tracer concentration was measured 
in the packing. For these purposes two layers of copper or silvered 
RASCHIG rings were placed in the column only separated by one or two non
conducting layers. The contact with the outside of the column was made by 
special supports. Fig. 11-3 shows a support for the square column. The 
resistance in one metallic layer was measured by a TACUSSEL resistance 
meter and was found out to be very small, so the electrical contact resistance 
between the different rings in one layer was negligible. In the round column 
this could be tested regularly as in one of the layers two RASCHIG rings 
were connected with an insulated wire outside the column. 

The conductivity between the two layers was measured to obtain a 
quantity proportional to the tracer concentration. By this method the flow in 
the column was not influenced; for the tracer concentration a mean value 
was measured for the column cross-section and "end effects'' were partially 
eliminated from the measuring section. The two electrodes were placed in a 
Wheatstone Bridge, fed by a 1000 Hz A. C. to avoid polarization. A recorder 
was connected as measuring instrument (see Fig. II-4). 

A 3% solution NaCl was injected in the centre of the liquid distri
butor by means of an injection system of magnet valve and pressure con
tainer (Fig. II-2). By this means a short injection time could be obtained 
(< 1 s) and marked with a special pen on the recorder paper. The tracer 
was not quite evenly distributed on the top of the packing. However, small 
radial concentration gradients will not influence the final results as they ar:_e 
quickly eliminated (see Chapter VI) and because the measuring method gives 
an integrated value for the column section (see Appendix 1) 

The arrangement nearly always gave a stable baseline on the recorder 
when no salt was injected. Deviations due to hold-up fluctuations were 
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extremely small. The displacements on the recorder were proportional to the 
tracer concentration in the liquid. A - 9% salt solution was injected in the 
column and gave the same reduced residence time distribution curve as with 
the 3% solution. It was ascertained that the injected quantities were always 
so small that no conductivity change could be detected by injecting pure water 
at the same pressure and during the same time. So the hold-up change due 
to the tracer injection could be neglected. 

For nearly all the measurements a pulse injection was applied as a 
physical approximation of the &-DIRAC function. De Waa116 used a step 
function injection. When displacing water by a 10% salt solution he found 
another transient behaviour than when salt solution was displaced by water. 
This would mean that the physical properties of the tracer changes the flow 
pattern. Under our experimental conditions no difference was found between 
the two step function responses. A pulse function was injected directly after 
the two step functions. The integrated response on a pulse function and the 
two step functions are shown in Fig. II-5. They are essentially the same. 

In our experiments c0 was about 0. 3 g/1, and so All. ll::l 3·10-4. This value is 
p 

much lower than in the experiments of De Waal. This probably explains the 
differences. 



Table ll-1 

Packing 

~ 
~ Bed Height Posority lls~t llatat fr~m Wetting Specific Number of 

Dt D sp height of e (Weig ted) ynamw properties surface particles ' 
the hold-up H' Sp per - measuring (void and m3 

section fraction) mean 

H residence 
time 

d1 d2 ds (\; mm (m) dk (m) %void m -1 .!:;e -3 
vdp m 

(> non-
wettable 

I 

[ 10.0 10.6 ~1. 7 10.3 4.41 2.08 0.10 1.567 0.69 1.34 - silicone 
1360 721,890 

coated 
!b 3.6 [[ 10.0 10.6 -1.7 10.3 4.41 2.08 0.10 1.567 0.69 3.9* 5.0 wettable 1360 721,890 

(> 
3.6 m 6.5 6.3 -o.s 6.4 2.13 2.10 0.10 1.63 0.70 6.3* 5.0 wettable 2818 3,208,093 

JZI 
1V 21.5 22.5 -3.3 22 B. 72 2. 72 0.193 2.47 0. 733 2-2.3 2.2 wettable 687.8 62,194 

• Value reported by Prost for the same rings. 
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III. HYDRO-DYNAMIC PROPERTIES OF FLOW THROUGH RASCHIG-RING 
COLUMNS 

Static and dynamic hold-up 

III-1. Introduction 

A complete description of residence time distributions in packed 
columns is impossible without some knowledge of the hydrodynamic proper
ties of packed columns. This problem is also considered in the present 
investigation. 

If liquid is trickling through a packing with gravity as the driving 
force only a fraction of the void volume of the packing is occupied by the 
liquid. Fenske, Tongberg and Quigglel9 stated that this hold-up can 
be split up into a dynamic and a static part. 

The static hold-up does not drain freely from the packing when the 
liquid flow is stopped. Further 

in which 13stat• 13dyn and 13tot are the static, dynamic and total hold-up as a 
fraction of the void volume. 

The dynamic hold-up can be found by a method described in Chapter II 
(liquid collection after flow interruption). Even a few hours after the liquid 
flow was interrupted, an extremely small quantity of liquid was still flowing 
from the packing. Therefore, for practical reasons, the dynamic hold-up was 
defined as the quantity of liquid that had drained from the packing ten minutes 
after liquid flow interruption. 

The error made by this method was found to be negligible even for 
low dynamic hold-up values. This also follows from the published data of 
Shulman et at.20, Mayo et al.l. 

The static hold-up can be found by weighing dry and wet packing. 
The total hold-up can be found by several methods such as: 

- Measuring the remaining liquid outside the packing when a given quantity 
of liquid is circulating through the equipment. 

- Weighing the column during operation (Morton et al21). 
- Absorption measurement of electromagnetic radiation (E is en k lam and 

Fo rd22). 
Determination of the mean residence time using a tracer technique. 

- Measurement of electrical conductivity of the packed column operating with 
a conducting liquid (see Grim 1 e y 23 ). It has been shown by Prost 3, 
however, that by this method the dynamic hold-up is measured. He proposed 
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c 
in which C1'/ = .....!! ; C = observed conductivity in the flow direction and 

/1 CO e 
C0 = conductivity of the measuring section of the column completely filled with 
liquid but without packing. 

III-2. Static hold-up 

It has been found in previous investigations20 that the static hold-up 
is independent of gas and liquid flow rates in packed columns. This was also 
found in the present investigation. From Table 1 it follows that for the 
6. 4 mm packing the static hold-up, as found by direct weighing of a column 
section, was lower than that calculated from dynamic hold-up, flow rate and 
mean residence time. The main reason for this discrepancy was that the 
static hold-up increased after the packing had been wetted for some time. 
This was also observed by repeated porosity measurements. Although the 
porosity did not change, the amount of liquid that could be collected from the 
packing in porosity measurements decreased. Therefore, the residence time 
distribution method was accepted as the more accurate one. A simple plot 
of the static hold-up as a function of the nominal particle size for the values 
found in the present investigation and in some recently published works 
indicate: 

e 13 ~ d - 1 (see Fig. III-1) stat p 

Such a dependence has been observed previously. Considerable scatter 
is found even though the data were limited to the system water/RASCHIG 
rings. It can be expected that porous and non-wettable rings have static 
hold-ups that are completely different. Shulman et aL20 measured the 
influence of the surface tension on the static hold-up for 25-mm RASCHIG 
rings. They found: 

~'stat ~ Ys ' 

where Ys surface tension Nt/m. 

Prost 3 on the other hand found practically no influence of surface 
tension on the static hold-up for 10-mm RASCHIG rings. The surface tension 
was varied over a factor 2 in both works. These findings cannot be under
stood from a simple relation as indicated in Fig. m-1. 

If gravity is the only driving force for drainage the static hold-up 
of a packing will be a function of the following variables: 
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elevation angle of contact points, 
contacting angle liquid solid, 
porosity, 
density of the liquid, 
acceleration due to gravity, 
particle diameter, 
surface tension 

The static hold-up has been found to be independent of the viscosity 
(see Shulman20). It follows from dimensional analysis if we state: 

a b c d 
j;stat = k. PL .g .dp •Ys ' 

d 2 n 

.!.(~) ~'stat • y
8 

• 

The form in brackets is the Eotvos number. Fig. III-2 gives the relation 
between static hold-up and the Eotvos number. For higher Eotvos numbers 
the static hold-up is proportional to dp-2. This can be understood from the 
maximum quantity of liquid held at one contact point (see Appendix 2). 
For lower Eotvos numbers the contact points can no longer be considered 
independent of each other. The liquid at different contact points will coalesce 
and drain away (see Appendix 2) and hence the static hold-up tends to 
become less dependent on the particle diameter. Such behaviour has also been 
found when porous media saturated with a liquid are centrifuged. 

III-3. Dynamic hold-up 

Numerous investigations have been made into the dynamic hold-up in 
packed columns. Most investigators agree that for G = 0 the relation between 
liquid flow ·rate and dynamic hold-up can be expressed as 

b 
~'dyn =a L , (1) 

in which Lis the superficial liquid flow rate [kg/m2.s]. "a" depends on pack
ing and liquid properties while "b" for wettable packing is always between 0. 6 
and 0. 75. The results obtained in the present investigation can indeed be 
put in such a form (Fig. Ill-3). 

Constants of eguation (1} for wettable Eackings 

Nominal packing diameter a b Lmin Lmax 
22 mm 1.85 0.69 2.3 21.5 
10.3 mm 3.12 0.68 2.3 17.5 
6.4 mm 4.8 o.67 2.3 17.5 
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This formula has been tested recently by Pros t 3 for 10-mm RASCHIG 
rings using several liquids with different properties. Good agreement was 
found. The above equation was tested in the present investigation for water trickling 
through RASCHIG rings of various sizes (see Fig. III-4). The correlation fits the 
experimental results well, but as we will see it is not valid for non-wettable 
packings. Other equations mostly similar to the correlation of Otake and 
(l(ada have been proposed. Some of them are discussed in Appendix 3 
None of the correlations take into account the influence ofthe surface tension. 
Shulman, Ullrich, Wells and Proulx20 found in their experiments 
with 25. 4-mm RASCHIG rings that the dynamic hold-up was only influenced 
by surface tension if L < 4. 7 kg/m2. s. For this region they proposed the 
following empirical relation: 

:! (__2_)0.175-0.262 log L 
Sdyn • 0.073 

where Ys surface tension of the liquid (Nt/m). 
Analogous results can be deduced from the observations of Prost 3 

for a 10-mm packing. So, generally we may expect for non-foamingliquids, 
little influence of the surface tension on the dynamic hold-up for not too low 
liquid flow rates. 

For non-wettable packings it has been found in the present investiga
tion that (see Fig. III-5): 

Q :! L0.8 
~-'dyn • . 

The same exponent has been found by G a r d n e r 26 for a silicon
coated coke packing. 

A theoretical prediction of the dynamic hold-up seems to be very 
difficult because of the complex geometry and the uncertainty in the fraction 
of the packing area, actually wetted by the liquid. Wetted areas have been 
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measured by different methods in numerous investigations1,27 ,28, 29, 20, 23, 30. 
Considerably different values have been reported, depending on the different 
experimental methods. Hoftyze r30 recently concluded from his experiments 
that for a typical case more than half the amount of liquid flowed over 5% of 
the surface and 50% of the surface was hardly wetted at all. If the liquid 
was flowing in laminar films covering the whole packing area we could expect 
the relation (see Nusselt theory): 

Q ~ L1/3 
"'dyn • • 

If the film thickness remained constant and only the wetted area in
creased we would expect: 

The experimental value of the exponent is between these limits. Only 
W a r n e r 31 reported an exponent close to unity for mercury trickling through 
a packed column. 
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III-4. Influence of the gas flow rate at co- and counter-current flow 

The hydrodynamic properties of two-phase flow in packed columns 
have been a subject of much study in the past. A recent example is the in
vestigation of Morton , King and Atkinson 21. Most of the investigations 
on counter-current flow were carried out because of its application in gas 
absorption towers. In this work we will mention only the general charac
teristics. 

Fig. III-a represents the pressure drop and dynamic hold-up as a 
function of the gas flow rate in a packed column at trickle flow. 
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For a certain gas flow rate the dynamic hold-up increases under 
the influence of the gas friction (loading point II). For the same gas flow 
rate the pressure drop also increases more rapidly. As flooding approaches 
(III) the system becomes unstable because a small increase in gas flow rate 
produces an increase in hold-up which will give rise to a higher real mean 
gas velocity and increased pressure drop. Finally liquid will build up on the 
top of the column (flooding III). 

Fig. III -a also represents the co-current flow behaviour. The pressure 
drop graph shows a break-point. The gas flow rate is not limited by flooding 
and can be set to much higher values than at counter-current flow. At high 
gas flow rates the liquid structure is modified by the gas flow as will be 
discussed later, and this causes the change in slope of the pressure drop 
line. At the same time the gas phase entrains and accelerates the liquid 
phase, which gives rise to the decreasing hold-up observed. An interesting 
phenomenon is the longitudinal segregation of the gas and the liquid phase, 
especially visible at high gas flow rates near the break-point in the pressure 
drop graph. However, this segregation also occurs at other gas flow rates 
as can be deduced from conductivity fluctuation around a single metallic 
RASCHIG ring placed in a packed bed (see Prost3). Sometimes the phe-
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nomenon becomes very regular and liquid pistons that move with a velocity 
smaller than the real mean gas velocity can be observed (see Fig. b). 
For the different packings used in our work pressure drop graphs are given 
in Fig. III-6, 7, 8, 9. 

The dynamic hold-up values for co- and counter-current flow are 
given in Fig. III-10, 11. 

Several authors tried to correlate the gas and liquid flow rates at 
flooding conditions. We have tested some of these equations using our results 
(see Appendix 4). 

For the same data good agreement was found with one correlation 
while the other correlation showed large deviations. For another packingthe 
reverse was observed. It is possible that all the variables involved were not 
taken into account in the flooding correlations (H/dk ratio, etc.). Pressure 
drop and flooding correlations, however, are beyond the scope of this work. 
For more data and other correlations the reader is referred to the investiga
tions of Morton , King and Atkinson 21 and the references mentioned in 
Appendix 4. 

l 

l 
Figure III-b 
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III -5. Liquid geometry in packed columns 

During the last few years an interesting method has been developed 
for interpreting the geometric structure of porous media by simple cubic 
models (see Le Goff and Prost32). This work has been continued by 
Charpentier4. We have assisted in this investigation, which has been 
carried out in the same columns as our work. Therefore it is interesting to 
compare the results of our work on residence time distribution and those of 
Charpentier on liquid structure, which will be summarized below. 

It is generally assumed that the liquid in packed columns forms films 
that cover the whole packing. Many calculations are based on this assumption. 
However, the actual liquid structure might be quite- different. We could 
imagine that at least part of the liquid is flowing in the form of channels or 
drops. 

For the model proposed by Charpentier the packing is considered to 
be a lattice of elementary cubes, each with a certain liquid hold-up expressed 
as a fraction of the total cube volume. The "real" dimensions of the elementary 
cube are not known but they are not important for the model. 

In the sketch of the model (Fig. III-12) we can see th"ree perpendicular 
films, and trickles with a dimension b/1 representing the anisotropy of the 
model. In the non-conducting fraction of the space there may be completely 
isolated regions called "drops". The specific electrical conductivity of this 
element in horizontal and vertical direction is the same as that of a lattice 
of N cubes. 

By a method developed by Prost 3 the conductivities of such models 
for different dimensions of b/1 and a/1 were measured. 

For a packed column during operation the following variables could 
be determined: i3tot> conductivity longitudinal and perpendicular to the flow 
direction. The model parameters could now be compared with the experi
mentally found model parameters and in this way the liquid structure was 
characterized in films, trickles and drops. More details and numerical values 
can be found in the work of ·cfiarpentier. Fig. III-13 gives an example of the 
liquid structure development as a function of the liquid flow rate, gas flow 
rate, wettability and particle size. Generally we can see that for non-wettable 
packings there are more channels and if the wettability increases the struc
ture becomes more and more isotropic (films). So the diagram of Charpen
tier can be used as giving semi-quantitative information on wettability. With 
counter-current conditions the gas flow shows little influence and it is mainly 
the liquid flow rate that determines the structure of the liquid. Under co
current conditions the change in liquid structure is more important. For high 
gas flow rates the liquid has the tendency to assume the film structure. 
This phenomenon becomes especially important at the break-point in the 
pressure drop graph. Probably free trickles are accelerated and pressed 
against the packing by the fast flowing gas. 
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Conclusions 

1. Static hold-up in packed RASCHIG ring columns can be estimated from 
Fig. III-2. 

2. The correlation proposed by Otake and Okada25 seems suitable for 
predicting dynamic hold-up in packed columns of RASCHIG rings of dif
ferent sizes. 

3. Direct calculation of the dynamic hold-up seems to be difficult because of 
the complex geometry and uncertainties in the fraction of area wetted. 
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IV. EXPERIMENTAL RESIDENCE TIME DISTRIBUTIONS IN THE LIQUID 
PHASE AT TRICKLE FLOW 

IV-1. Residence time distribution curves of the different packings. Influence 
of the "wettability" 

For each packing that was used in our experiments, the firstmeasure
ments were made at trickle flow without gas flow. The properties of the 
packings are given in Table IV -1. 

The first packing was made non-wettable with a silicon resin 
(SISS SI 1107) by a method developed by Prost3 and Charpentier4. The 
walls of the columns were also treated by silicon to avoid preferential wetting 
of the wall and in the case of the wettable packing to make it an ideal mirror 
for water flow. Treated in this way the packing had a very low static hold-up 
and the dynamic hold-ups were smaller than those of non-treated packings 
(see Fig. III-5). The non-wetting properties of the packing, however, did not 
last and after some time of water contact the packing became wettable, in
creasing the static and dynamic hold-up. Packing II was exactly the same as 
packing one, but had become practically wettable by long water contact. The 
development of the wetting properties could be followed by measuring: 

1. Increase of the dynamic hold-up; 
2. Increase of the static hold-up; 
3. Picture of the liquid structure in the diagram of Charpentier 4. 

Fig. IV -1 shows the residence time distribution as a function of the 
liquid flow rate for a non-wettable packing. These measurements were made 
as soon as the column was filled so that the packing was as little wettable 
as possible. The diagrams were obtained by measuring from the experimental 
curve at 25-30 points the ordinate and abscissa. The surface and the first 
moment were determined by a simple trapezoidal approximation: 

n 
!: i<Y1 + y. 1)(t. - t. 1) for m0 1 

I- I I- !co y dt 
0 

n oo 

m1 = r !(t1 + t. 1)(y. + y. 1)(t. - t. 1> for m 1 = 
0 
I t y dt 

1 
1- l 1- 1 1-

where y recorder deflection at t seconds after injection. 
This approximation gives good results if the ti values are well chosen 

with many points in the strongly curved sections of the distribution functions. 
In the diagr:ams the horizontal axis is divided by m1/m0 and the vertical axis 
of the experimental curve is multiplied by ml/(mo)2 to obtain a surface of 
unity under all the curves and to make them comparable. 

Fig. IY-2 gives the results for a wettable packing (II). As we saw 
before, this packing was exactly the same as packing (I), only its wetting 
properties had changed. If we compare F!g. IV-1 and Fig. IV-2 we see that: 
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1. Wettable packings give strongly asymmetric residence time distribution 
curves for small and moderate liquid flow rates ("tailing"). 
For the non-wettable packings the reduced curves are practically the same 
for all the liquid flow rates, only at extremely small flow rates the dis
tribution curves become asymmetric. 

2. For high flow rates the residence time distribution curves are about the 
same for wettable and non-wettable packings. 

The same asymmetry ("tailing") was found for other wettable and 
nearly wettable packings. Fig. IV-3 gives the distribution functions for the 
packing (III) - 6. 4 mm RASCHIG rings non-treated. Fig. IV-4 shows the 
results for packing (IV) polyethylene rings of 22 mm dumped in the big square 
column. 

The polyethylene rings became almost directly wettable within the 
first hours of water contact and no reliable results could be obtained for 
non-wettable rings. As can be seen in Table 1-1 "tailing" in residence time 
distribution curves for trickle flow has been found by some investigators. 
Others found no tailing. The influence of the wettability on the "tailing" has 
so far never been the object of other investigations. 

IV-1. Interpretation of the residence time distribution by a diffusional 
process. The mean residence time 

To explain the experimental findings we could try to compare the 
residence time distribution curves with those of the model axially dispersed 
plug flow of Dan c k we r t s 8 and Levens pie 1 9. For a measuring section 
in an infinite tube Levens pie I 9 found 

1_ 2 
C = 1(Pe)

2 
exp f _ Pe(l-9) J 2 TT9 L 46 • 

This is the equation in the Dan c k we r t s C diagram: 

e = t • u/H 
u = mean real fluid velocity 
H = length of the measuring section. 

In this diagram I-Ll = 1 + P! and o2 P:2 + P! . Fig. IV-5 shows some of 

these curves with Pe as a parameter. In the Figures IV -1, 2, 3, 4 the time 
is divided by m1/mo (s). 

For open and semi-closed vessels: 
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Only for a closed vessel (see De La an 33): 

__. D 
closed vessel 

in out 

This difference is due to the fact that in open vessel tracer can move into 
and out of the vessel by other means than the bulk flow. So for open and 
semi-open vessels the space time H/u is not equal to the mean of the resi
dence time distribution curve = m1/mo. 

The reason that in this work m1/mo and not T = H/u was used in 
the reduced diagrams as a scale for the time is that the quantity T is very 
difficult to measure exactly in packed columns at trickle flow. When a column 
is running at a certain gas and liquid flow rate excellent reproducibility of 
the first moments m1/mo of the distribution functions is found. The measure
ments of the hold-ups are not sufficiently reproducible and it was not always 
possible to measure the hold-up directly after the residence time distribution 
measurements. Only for the polyethylene packing could this be done and the 
mean residence time calculated from the distribution curves and from the 
hold-up in the measuring section(= S'tot = Stot (H'/H)) were the same within 
the accuracy of the experiments. This follows directly from Fig. IV-6. So, 
the only thing we can state is: 

The first difficulty in interpreting our results by a diffusional process 
is that no real C diagram in the definition of Danckwerts can be calculated 
as T = H/u is not known with sufficient accuracy. Therefore we will call 
m1/mo = tm as experimentally tm ""' H/u and we will define the "C' diagram". 

Definition: The "C' diagram" is a representation of a residence time dis-
tribution function. The time axis is divided by the first moment 
around the origin m1/mo while the vertical axis is multiplied by 
m 1/ (m0)2 to obtain a surface of unity. 

The moments in these diagrams are easily calculated from the 
moments in other diagrams for example the C diagram (see Appendix 5 ): 

1--L' 0 
1 

1-1' 1 1 
2 

1--L' (_!_) 2 
2 1-11 

1-1 

3 
3 

1--L' (_!_) etc., 3 \.11 \.1 ' 
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in which ~'k is the kth moment around the ongm in the C' diagram and ~k 
the moments in the C diagram. For an infinite pipe the moments of the 
distribution functions in the C' diagram become: 

~~ 
1 

(cr')2 

1 

= (...!. + __§_) I (1 + ___!_' 2 . 
Pe Pe2 Pe) 

(See Appendix 6) 

For a closed vessel the C diagram is the same as the C' diagram. 
As in our case we found m1/mo ~ T, the best boundary conditions should be 
those of a closed vessel. 

However, if we consider the experimental equipment, 
there seems to be no reason to suppose at M. E. S. a 
reflecting barrier for diffusion. In fact the analogy with 
a diffusional process is limited while without gas flow, 
tracer transport ,against the gravity and the liquid flow 
for a distance more than 1 dp seems quite improbable. 
For the same reason it is also quite arbitrary to suppose 
a reflecting barrier at the top of the column. 
So, the second difficulty we meet by interpreting the 
experimental results by a diffusional process is the un
certainty in boundary conditions as a result of the failure 
of analogy between the back mixing in real flow and the 
back mixing in a diffusional process. If Pe >> 1, how
ever, boundary conditions will only have a slight influence 
on the residence time distribution. 

We shall neglect the uncertainty in boundary conditions and assume 
the infinite pipe conditions because of the simplicity of the solutions. 

Mostly the diffusion coefficients or the Peclet numbers are calculated 
from the standard deviation. Fig. IV-7 shows in a C' diagram an experimental 
and model curve with the same standard deviation. The divergences found 
with the model are for too large to accept the model in this form. Only for 
a non-wettable packing do the curves agree well with the model curve having 
the same standard deviation. Application of other boundary conditions (semi
closed vessel) do not give better results. (The semi-closed vessel boundary 
conditions will be discussed in Chapter V). Calculating the standard devia
tion is not in our case the best way to obtain a more or less representative 
diffusion coefficient. The experimental curves show a strong slope in the front 
part and a long "tail" that contributes much to the value of the standard 
deviation. 

So the third difficulty in interpreting the experimental results by a 
diffusion process is the fundamentally different shape of the experimental 
curves. 

This "tailing" indicates that there are relatively stagnant regions in 
the apparatus that exchange tracer with the flowing regions. 

In Chapter V we will describe a model that· takes these regions into 
account. To obtain an "overall" value for the dispersion we will, however, 
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first neglect as far as possible these stagnant regions. There are several 
possibilities of doing this: 

1. Introduce a fixed cut-off point, say t/T = 2 and recalculate m1/mo and 
(cr')2 up to this point (Levenspiel7). 

2. Find a mean residence time that will give a reduced experimental curve 
that approximates reasonably the general shape of the model curve, 
especially in top position and height of the top. 

The "mean residence times" so calculated to are smaller than m1/mo 
and determine automatically what should be considered a dead water region 
and what a flow region. 

By method one for eliminating dead water regions a "cut-off" point 
must be estimated for each case since especially for small Pe numbers the 
model "axial dispersed plug flow" predicts asymmetric response curves (see 
Fig. IV-2). To avoid this difficulty the second method was developed. The 
P~clet numbers representing approximately the axial mixing were found by 
coinciding the position and the height of the top of an experimentally reduced 
curve with that of the model curve. Appendix 7 gives the method of calcu
lating this Peclet number. All the - experimentally found - Peclet numbers 
given in this report were calculated by this method. 

Fig. IV-8, 9, 10,11 give the results for the 10-mm packing fitted 
to the model curves. We might conclude that for non-wettable packings and 
for high liquid flow rates also for wettable packings, the model "axially 
dispersed plug flow" can describe in detail the mixing phenomena in packed 
columns at trickle flow without gas flow. For small liquid flow rates and a 
wettable packing, however, the model can only be considered a rough approxi
mation and from the shapes of the curves it follows that mass exchange with 
dead water regions is probably the reason of the disagreement with the model 
axially dispersed plug flow. 

To compare the results of the different columns we shall introduce 
a P~clet number related to the nominal packing diameter: 

Bo ~ Pe • H 

We shall assume the ratio dynamic hold-up - static hold-up as 
representative of the ratio flow region - dead water region. 

Fig. IV-12 gives the results of this investigation and those from the 
literature of which the necessary data could be obtained. For all the small 
particle diameters (dp-:::; 10 mm) the experimental points are grouped around 
one single curve. For sufficiently high values of X = 13dyn113stat this curve 
tends towards a constant value of about Bo ::::: 0. 5. 

The higher packing diameters give curves that reach values of 1. 0 
or 2. The most probable explanation of the difference is that the mixing at 
the contact points and the enlargements between the particles increases at 
higher Reynolds numbers. The same phenomena have been found in mono
phase flow. In Fig. IV-13 the results of monophase flow are compared with the 
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results for trickle flow for A > 8. As can be deduced from the figure 
the dispersion at trickle flow and monophase flow are essentially the same 
for A > 8. In our experimental set-up it was very difficult to measure resi
dence time distribution at mono phase flow, so only a few measurements were 

p u dp 
made. For Reynolds number Re~ = 

11 
is chosen. For a comparable 

Re number for monophase flow and trickle flow, it is necessary to know 
the wetted area and this value is not known in our case. 

For A < 8 the "overall" Bo numbers drop quickly because of the 
increasing importance of the exchange between dynamic and static hold-up. 
In this region, however, the model axially dispersed plug flow can only be 
considered a rough approximation. If we divide by the final value of 
Bo (A > 8) we find one curve for all packings which can be used in con
nection with Fig. IV-13 to estimate the mixing in packed columns (see 
Fig. IV-14). A seems to be a good parameter to assemble the results. 

IV-3. The mixing cell model 

For sufficiently high Peclet numbers, say Pe > 20, the response 
curves of the model "axially dispersed plug flow" and the model "cascade of 
ideal mixers" are practically the same, so that the models can be easily 
compared. 

Kramers and Alberda10 suggested: 

p;+1 ifj:;5, 

where j is the number of mixing cells in serie. 
Like the diffusion model the mixing stage model can be applied if 

A > 8. For small packing diameter (dp ~ 10 mm) the height equivalent to an 
ideal mixer is about 4 particle layers (A > 8). For large packing diameters 
1 or 2 particle layers. 
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IV-4. Influence of gas flow rate on the residence time distribution in the 
liquid phase 

IV-4-a. Counter-current flow -------------------
Figs. IV-15, 16,17 show the influence of gas flow rate on Bo at 

counter-current flow. For small packing diameters the influence of the gas 
flow rate is very small for both wettable and non-wettable packings. The 
results for the larger packing-diameter (Fig. IV-17) show a relatively important 
influence of the gas flow rate. 

To explain this we will consider again the hold-up characteristics 
(Fig. III-11). For the large packing diameter (22 x 22 mm) an important in
crease in the dynamic hold-up is found as flooding approaches, higher than 
that for the small packings. When the dynamic hold-up increases the ratio 
of dynamic hold-up to static hold-up will increase; hence, the "overall" 
Peclet number will rise and "tailing11 will diminish. Hence, generally, when 
the gas flow rate increases, at first it will have little influence on the resi
dence time distribution in the liquid phase. With a further increase the 
dynamic hold-up increases and the dispersion decreases since the tracer 
exchange with the static hold -up becomes less important. Finally, when 
flooding occurs entrainment by the gas gives strong back-mixing and the 
P~cletnumber decreases again. The three phases can be seen in Fig. IV-21,22. 
As no "tailing" was found for the highest liquid flow rate little increase of 
the Peclet number was expected, based on the supposed mechanism. Experi
mental findings show indeed that the smallest increase occurs with the highest 
liquid flow rate {see Fig. IV-23, 24). 

Columns with small packing diameters are quite unstable close to 
flooding conditions. There is a sudden water build-up on the packing top while 
in the main part of the column there is not yet strong back-mixing as in the 
case of large rings (see Fig. IV-18, 19,20). 

In published data generally little influence of the gas flow rate at 
counter-current flow was found (see Table I-1). 

The experiments of De W a a 116 were made using RASCHIG rings 
of~ 2. 5 em diameter. The ratio of dynamic to static hold-up was always 
higher than 8 for G = 0. Hence, no increase in Pe-number could be expected. 
From the published data it can be deduced that the mixing becomes more 
intense near the flooding point, just as in our experiments for large rings 
and A > 8. 

IV-4-b.92:S~!!~P~-~2~ 

Figs. IV -25, 26 show the influence of the gas flow rate on the residence 
time distribution at co-current flow. Mostly an increase in Pe is also found. 
This cannot be explained by a change in the ratio 13dynll3stat as in the case 
of counter-current flow. Here the exchange of tracer with the static hold-up 
is increased considerably by the dense plugs of water that move downwards. 
These waves thoroughly wash the contact points of the packing elements. It 
can be deduced from the fluctuation measurements of Prost 34 that the most 
intense waving occurs for a smaller gas flow rate if the liquid flow rate is 

. higher. In addition, the breakpoint in the pressure drop graph depends in this 
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way on the liquid flow rate. The structure diagrams of C h a r pent i e r 4 show 
important changes in liquid structure in the region where pistons and fluctua
tions appear (see Chapter III). 

All these experimental results indicate that a change in flow type 
occurs. We propose the following explanation. 

For small gas flow rates the interaction between gas and liquid is 
small and with both co- and counter-current flow the residence time distri
butions are the same. (For the 22 x 22-mm packing the values for G = 0 for 
co- and counter-current are not the same. With co-current measurements the 
packing had probably become somewhat more wettable.) Also the pressure 
drops at co- and counter-current flow are practically the same. With increasing 
gas flow rate, the liquid is accelerated by the gas and blocks the passages 
for the gas phase from time to time. This can happen in the individual pores 
or, may be induced by pressure fluctuations in the column as a whole. 
Indeed these high density pistons can be seen in this region, especially with 
small particle diameters and high liquid flow rates. We will call this process 
longitudinal segregation or waved flow. For still higher gas flow rates the 
relatively high differences in velocity between gas and liquid increase the 
frequency of the blocking-deblocking process, flattens the liquid against the 
packing and disperses some of the liquid in the gas phase. 

Indeed for this region the structure diagrams of C h a r p e n tie r 4 
indicate that the liquid is flowing mainly as films and drops. To see the 
influence of the different flow types on residence time distribution we should 
consider the actual experimental residence time distribution curves that give 
more information than an "overall" Peclet number. Fig. IV-27,28,29,30,31, 
32, 33 show the evolution of the shape of the residence time distribution 
curves. We can distinguish three phases: 

First, there is no interaction. Then, because of the washing effect 
of the liquid pistons, mass exchange with the static hold-up becomes intense 
and the tailing phenomena disappear. That a higher exchange gives decreasing 
asymmetry follows directly from a model discussed in V. 

Then, as the gas flow rate is increased further, it accelerates the 
liquid. As not all the liquid is accelerated to the same extent, we will get 
increased dispersion. This latter mechanism causes no asymmetry in the 
residence time distribution. The three stages are indicated schematically in 
the Figure below. 

I G << 1 (no interaction) 

II waved flow 

III partially disperged film flow 

If there is no tailing for G = 0 the second phase will not be visible in the 
residence time distribution curves {Fig. IV-27, 33). 
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V. MODEL "AXIALLY DISPERSED PLUG FLOW WITH MASS EXCHANGE 
WITH DEAD WATER REGIONS 

V-1. Nature of the dead water regions 

In Chapter IV we found that the ratio dynamic hold-up/static hold-up 
was a good parameter for plotting the experimental results. As the static 
hold-up is not free-flowing it seems logical to identify this hold-up with the 
experimentally found dead water regions in the flow pattern of the column. 
But we will first discuss some other possibilities. 

Assumption 1: 

Laminar flow over the packing which causes asymmetric curves. 

It can be easily shown that the variance of the distribution function 
for laminar flow is + "' if the molecular diffusion is not taken into account. 
In fact the variance will not be cr2 = ro since molecular diffusion makes mole
cules move from the stagnant or nearly stagnant lower layers to the fast
flowing upper layers, thus reducing the variance (see T a y 1 or 35 ). It is not 
very probable, however, that the flow pattern is laminar in a packed column. 
Many investigators!, 30 showed that only a fraction of the total area is wetted 
in a packed column and so Reynolds numbers calculated from the total surface 
of the packing do not give a good indication of the flow regime. On the other 
hand, with laminar flow the residence time distribution should be a function 
of the molecular diffusion coefficient. From the experiments of R u 1 kens 36 
with different tracers it follows that the molecular diffusion coefficient has 
no influence. 

Assumption 2: 

The dead water regions are the laminar sublayers below the turbulent 
films. 

If assumption 2 was valid, we might expect a difference in behaviour 
for a step function "water displaces salt solution~t and nsalt solution displaces 
waterlf in the case of Figure V-a. 

'SALT SOLUTION 
SUBLAYER 

Figure V-a 

WATER 
SUBLAYER 
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By means of free convection the exchange between the bulk and the 
sublayer will be much more intense when the salt solution displaces water. In 
our experiments, however, no difference was found between the two step 
functions. De Waai16, however, found differences. But the curves "salt 
solution displaces water" were the most skewed. By the mechanism discussed 
above it could as well be the reverse. By this assumption we also cannot expect 
a difference between a wettable and non-wettable packing. 

Assumption 3: 

The dead water regions are the static hold-up regions: the contact 
points of the particles, the non-moving drops and the half-closed edges. 
Exchange of mass with these regions takes place by mechanisms such as 
changing of direction and breaking-up of water trickles, turbulent diffusion, 
etc. (see Fig. V-b and V-c). 

Figure V-b 

Breaking up of a water trickle. 

Water drops remain 

Figure V-c 

Slow interchange with liquid catched 

in sharp edges by capillary forces 

This mechanism seems to be the most probable. It explains why the 
two kinds of step functions give the same results, and also explains why the 
residence time distribution, found experimentally, is not influenced by the 
value of the molecular diffusion coefficient of the tracer used. With increasing 
flow rate it seems logical that all the stagnant points are washed more in
tensively and this explains the increasing Peclet number for higher liquid flow 
rates. We will try to study this exchange more in detail. 

Hoogendoorn et ai.l4 proposed a model illustrated schematically 
in Fig. V-d on the next page. This model is only applicable if 13dyn113stat 
is relatively small as the model does not explain the fact that for 13dyn1Sstat 
""' 8 the dispersion is no longer a function of the ratio Sdyni!Sstat· If X is high 
enough the model predicts piston flow. For practically important cases the 
dispersion due to the exchange with the static hold-up is about as important 
as the dispersion that occurs in all cases in porous media and is due to 
mixing in cavities and liquid deflection by the particles. 
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PISTON FLOW 

/3dyn 

'--------~DEADWATER REGION 
FLOW REGION 

Figure V-d 

Model proposed by Hoogendoorn et al. 

Hence we propose the following model 

AXIALLY DISPERSED PLUG FLOW 

FLOW REGION 
Figure V-e 

Model proposed in the present investigation 

The difference between this model and that of Hoogendoorn et 
at.14 is the dispersion in the mobile phase. 

V-2. Description of the model; 

PULSE 
IN .. IECTION _..,.. 

k 
.;::. .!' 

c2 c~ 

A2 A1 

differential equations 

If A is the column cross 
section, using the theorem of Dupuit, 

~ 
we can say for the section of the 

z dynamic phase A1 = A e Sdyn· For 
the static phase A2 = A e Sstat· We 
will introduce the following varia-

dz bles: 

Sdyn/<adyn + ~'stat> = <fl, 

u - Q and v Q 
- A e ~'tot A e Sdyn 
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For the mobile phase we have a diffusion coefficient D1. The coefficient of 
mass transfer is k (m/s). If we call f flow rate of the tracer transport 

We get the mass balances: 

} 
S is surface between the static and dynamic hold-up per unit volume of the 
column (m), or 

We introduce ~A = K and so ~A = K ~ and hence the equations become: 
1 2 q:> 

The boundary conditions are found as follows: 

Distributor 
0 

injection 

In the regions 0 and 0' there is piston 
flow. In the region B there is axially dis
persed plug flow. The injection takes 
place in the piston flow region 0' which 
is considered to be small. The experi
mental set-up glves quite a good approxi
mation of this situation. 

If n moles are injected with 
constant ·velocity in a short time t~t the 
injection rate will be n/ t,t moles/s during 
t~t seconds. If t~t --i!>- 0 the injection func
tion becomes n 8(t). A mass balance gives: 
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,_.,-/ 

b,Z -----'3> 0 • 

The boundary conditions become: 

z = 0 

z ::i> "' c
1 

--;.. 0 c
2 

--;.. 0 • 

/1Yf.-l!' ~ q_t4- ( ! •.,' {..: ·, ·, ' .. - .,.../:,~ ,./ .J .I: r /"' / • 
J 

The initial conditions are { = 0 and c1 = c2 = 0. 
We will introduce the dimensionless variables 

c1 = c/co with c0 = n/H(A1 +A2); 

c2 = c2/c0, x = z/H with H = length of measuring section; 

e = tu/H, P = uH/D1, N = KH/u =number of transfer stages. 

2 ac1 ac1 a c1 "'x + cp -s--
9 

+ cp N(C -c ) = ]1. --
o 0 1 2 p ox2 

With initial conditions: e = 0, c1 = c
2 

= 0 and boundary conditions: 

ac
1 6(9) = c

1 
- S£.-p ox X= 0 

X~oo 

We will calculate the moments of the solution functions by means of a Laplace 
transformation: 

d'l (C) J e -pe c de = c ; 
0 
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for the kth moment 1Jk we have 

The Laplace transformation of the differential equations becomes: 

0 ; 

and further 

X "' 0 

X-;...., 

We eliminate c2 and find: 

The solution of this equation becomes: 

M PCI.l2[N + (1 )"1 in which q = - and a = P :<o J 
. P p(l-cp) + cpN • 

From this equation the moments can be calculated (see Appendix 8) 
We take x = 1. 



IJ.1 1+..92. p 

d . 2 2 th an smce a = 112 - 111 , en 

2 
a 

2 
.?:92. + 3!..92.)2 + 2(1--w) !..92. + 1) 
p 'P Ncp 'P 

- 36 -

We can qheck with the following conditions: if cp = 1 (no dead water 
regions) we find: 

02 = ~ + .1.... 
p p2 

1 
1-11 :;: 1 + p , 

} 
33 

which are exactly the values found by Van de r La an for the s<.:mi -infinite 
pipe boundary conditions with simple axially dispersed plug flow. 
If p...;;..."' 

2 
2 ____,. 2(1 =sp) 

o Ncp 

which is the value found by Van D e em t e r 37 for the model of H o o g en -
door n et al. 14 if we take into account the definition of the number of transfer 
units in his work. 

V -3. Calculation of the rate of transfer between the static and dynamic 
hold-up 

To apply the model described in section 2 to our experimental 
conditions, we will make the following assumptions: 

1. The ratio of the flow region to the dead water region is equal to the ratio 
of the dynamic to static hold-up. 

2. There is always exchange of tracer between the dynamic hold-up and all 
parts of the static hold-up (no completely isolated regions). 
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3. The Peclet number in the dynamic hold-up is independent on the flow rate 
and the ratio of dynamic to static hold-up. 

The third assumption is probably valid as the experimental results indi
cate that if the static hold-up is low (non-wettable packing) the only effect that 
remains is the dispersion in the dynamic phase due to liquid deflection by the 
particles and mixing in the enlargements and then the overall mixing does not 
depend on the liquid flow rate. 

So the P~clet number for the dynamic phase can be found experi
mentally when >,. ~ 8. It is the "final value" in Fig. IV-12. 

Hence, for the model we know the parameters 

-~ P, cp - • 
~'tot 

To obtain cp the static hold-up was calculated from the dynamic hold-up and 
the mean residence time of a great number of experiments, giving f3tot· 

The third parameter, the number of transfer units can now be calcu
lated from the experimental residence time distribution curve. The standard 
deviation of this curve in the C' diagram can be found by 

m 
~,2 = _o_ 

m2 
1 

"" 

0 J
.., t2 

y dt . 

The formula for the standard deviation in the C' diagram of the 
model curve can be derived easily from IJ.2 and the relation derived in 
Appendix 5. 

so 

} 
2 [ 2 2 (a' )2 = {<l + .9!.) -2 J1 + 2(1 -w) + 1. 4q:> + 2(1 -sp) + ~]} 

P l · Nq> P N p - 1 ' 

from which 
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The height of a transfer unit becomes 

Htr H/N • 

The height of a transfer unit thus calculated is sensitive to small 
errors in cp. For estimated errors of 3% for 13dY.!l and 10% for Sstab maximum 
errors in Htr as high as 25% for cp = 0. 6 and 40% for cp = 0. 8 can be expected. 

Fig. VI gives the results for the different packings. The height of 
a transfer unit is independent of the liquid flow rate and for RASCHIG rings 
of 6. 4 mm about 30 em and about 35 em for big rings (dp 22 mm). 

The scatter in the results is due to fluctuations in static hold-up (a 
mean value was taken for Sstat) and also to the inaccuracy of the standard 
deviation which is not easy to determine exactly from an experimental curve 
if tailing occurs. 

Hoogendoorn14 et al. neglected the dispersion in the mobile phase 
and found for !" RASCHIG rings a stage height of about 30 em, calculated 
using the definition of a mass transfer stage as used in our work. 

The simplified model used in their work is sufficiently accurate within 
the range of experimental conditions used by them (very small liquid flow 
rates). 
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V-4. Verification of the validity of the model 

The model "axially dispersed plug flow with mass transfer" explains 
the increasing dispersion for decreasing ) . With this model it is possible to 
show why the P~clet number becomes independent of the flow rate for A. > 8. 
(High liquid flow rates or non-wettable packing. ) Further, it was found ex
perimentally that the height of a transfer unit for tracer exchange between dynamic 
and static hold-up remained constant. This means that transfer increases with the 
flow rate which seems reasonable. It would be interesting to compare the 
experimental residence time distribution curve with the model curve calculated 
for values of P, cp and N as described in preceding section. To obtain the 
model curve, it is necessary to invert the Laplace transform derived in 
V-2. This turned out to be extremely difficult. However, the inverse of the 
Laplace transform was obtained by Vi 11 erma u x 38. Mathematical details 
about this solution will be published elsewhere39. 

The equation for the C diagram becomes: 

C(e) = h(9 ,cp) exp [ -Ne] + N exp [ -:.;pe] 

lJ!x h(x,w) = y; - exp 
.,-. rrx 

in which erfc (u) 
2 ... u 2 

1 - .-
0
j exp [-y ]dy and 11 (z) 

~I rr 

For w 1 and N = 0 the equation reduces to 

<X> c!z)2r + 1 
I r! (l+r)! 

r=O 

rP [ P(1-et1
! C(e) = \j£ exp - -49. - J - f exp P erfc [ Jf· 1 

; 
9 J . 

This is the equation for axially dispersed plug flow in a half open reactor. 
If P = oo (no diffusion in the flow region) we find: 
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C(9) = exp [ -Ncp J 6(9-qJ) + 

exp 
[ -Ncp (1+:~(jl) J NtO [ ffje-J 11 2Ncp 1-cp U(e-cp) 

~/ (1-cp)(S-cp) 

This is the exact solution of the C diagram for the model of Hooge n
doorn and Lips14. Klinkenberg40 published an approximation of this 
solution which was found to be in good agreement with the equation above. 

In Fig. V-2 an experimental curve is compared with the model curve. 
The agreement is not complete. A better agreement was found by increasing 
cp from 0. 68 to 0. 75. The model implies a constant rate of exchange over a 
cross section of the column. This can be considered only as an approxima
tion. 

It is possible that the rate mass transfer between different fractions 
of the static hold-up and the dynamic hold-up is not uniform. Instead of 
comparing the actual residence time distribution curves, we could try to 
compare the higher moments of model and experimental curves. In theory all 
the moments are necessary to characterize the distribution functions, but in 
practice the first few moments are sufficient. It turned out, however, that 
it was not possible to determine the 4th moment of an experimental residence 
time distribution curve. Small differences in the tail give rise to large dif
ferences in the 4th moment, so only the third moment was calculated. 

and 

For the model the third moment is 

j.Ll 1+.92. p 

cp 2 ,cp 2(1--p)
2 

[p1 + cp!J ~J. 2 = 1 + 4(p) + 4p-) + N 

We will define the skewness as 
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This ratio does not depend on the way a diagram is reduced, so it can be 
directly calculated from the experimental curve in the C' diagram: 

Table VI compares the model skewness with the skewness of the 
experimental curve. The measured "skewness" seems to be somewhat higher 
than that predicted by the model. Further, it may be seen in Fig. V-2 that 
the experimental curve has a sharper peak than would be expected. However, 
the equation of the "peakness" contains the fourth moment, which cannot be 
estimated with reasonable accuracy from the experimental data in our case. 
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V-5. Mixing cell models 

An alternative description of the mechanism presented in Chapter V 
section 1 for skewed residence time distribution curves can be made by 
mixing cell models. As we saw, a cascade of ideal mixers is equivalent to 
some extent to the model axially dispersed plug flow. The dead water regions 
can also be presented by ideally mixed tanks. 

Hovorka41 presented for general purposes the following four-para
meter model: 

i TIMES 

The parameters are: V1/V2, V2/V3, j and the exchange velocity 1]. 
If j >> 1, the second part of this model can be expected to be equivalent to 
the model 11axially dispersed plug flow with mass transfer with dead water 
regions". A disadvantage of such models is that for some parameter combi
nations the model C diagram show double or triple maxima (see Hovorka). In 
our case such double peaks were never found experimentally. 

The complete model of Hovorka has another special disadvantage. 
Four parameters make it quite flexible but not easy to verify if the proposed 
mechanism represents the actual one correctly. 

In the packed column we found that the exchange with the dead water 
regions probably happens by mechanism such as changing pathways of flowing 
liquid and breaking up of water trickles or films. 

We can assume two simple mechanisms: 

1. All the isolated fluid elements remain isolated during the same period. 

2. Or all the isolated regions in one section have the same chance to return 
into the flow no matter what their age is. 

Model 1. can be represented by a cascade of the following elements: 

.. 1 
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In this three-parameter-model: 

ideal mixed region; 
piston-flow region, represents the constant time delay in the stagnant 
phase; 
fraction of the liquid that passes into the dead water region; 
number of model units. 

From a material balance over j units and with Laplace transforma
tion the solution and the moments of the distribution functions can be calcu
lated (see Appendix 9): 

Cl'VA 
withy=-

Vp 

IJ,1 

(1-<l!)j-k Cl'k [j9(Q'-ly)-k J j-1 
- [ j9(Cl'=f)')-k] 

( '-k)' k' exp J • • y y 

1 and a2 = 1 Cl'(l-<l!) + y2 - ~Y 
j (Cl'+y)2 

If Y ~.., we find a 2 = ~ the result for a simple cascade of ideal mixers. 
J 

Model 2. is represented by: 

t:r is supposed to be small, so V1 is nearly stagnant. 
From a mass balance and with Laplace transformation the moments 

of the distribution functions can easily be calculated (see Appendix 10): 
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~1 1 

1-Q' 2 
cr2 1 (2-.:r) a !3 - 2(1-Q')S + 1 +ex 

= j (1-Q')(1-13)2 

v1 
v2 

Ifcx=!ands=1 

If S 0, we find 

2 
~cr 

1 
r· The same result as for a cascade 

of single mixing cells. 

2 
cr 

1 
-;- (1 +ex )/(1-.:r ). 
J 

This is the result for a cascade of ideal mixers with superimposed local 
short cutting. 

a a a 

For the models 1 and 2 the parameters were calculated as follows: 

volume dead water region = Sstat 
volume flow region ~dyn 

2. The number of stages (j) for a certain column are found from the condi
tion that the dead water regions are negligible. In this case (}. > 8) the 
simple cascade of mixing cells gives 

2 1 
cr = j . 

3. The third parameter, ex, which is the mass transport rate to and from 
the dead water regions can be calculated. from the experimental standard 
deviation if the two other parameters are known. 
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The C-diagram of the first model sometimes produced curves with more 
than one peak, probably because of the constant time delay of the tracer 

vP 
in the dead water regions represented by 0' Q • 

For the second model some of the higher moments were calculated 
and the third moment was of special interest as it could be calculated with 
some accuracy from the experimental curves. Table V-2 compares: 

where iJ.'3 
iJ.'2 
IJ.2 

= experimental third moment in C' diagram; 
= experimental second moment in C' diagram; 
= second moment of the model = 0 2 + 1; 

=!._ 1-!a(A3-1) +6(j-1) 
IJ.3 j2 [1-fo!(A-1)]3 j2 

1-!a(A2-1) + (j-1)(j-2) in which 

[1-!a(A-1)]2 j2 

A = lli:.<rt . 
Ql 

The theoretical and the experimental skewness ate in quite good 
agreement. So the most probable mechanism is presented by the second 
model. 
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TABLE V-1 

RASCHIG rings 6. 4 x 6. 4 mm H= 1.63 m f3 stat = 5% 

L 

kg/m2.sec 
(a')2 cp p N R1mes 

2 0.08710 0.624 160 5.7 1.2920 
2.3 0.07138 0.664 160 5.4 1.2300 
3 0.05446 0.686 160 6.2 1. 1919 
5 0.03566 0.756 160 6.0 1.1198 
7.9 0.03234 0.804 160 4.3 1. 1062 

10 0.02568 o. 816 160 5.5 1. 0787 

RASCHIG rings 10 x 10 mm H = 1.567 

r S stat = 5% [3 *stat = 1.34% 

L (a')2 cp p N R1mes 
kg/m2• sec 

*1.8 0.04062 0.800 72 5.3 1. 1274 
2.3 0.1524 0.541 72 5.6 1. 5361 
7.9 0.1054 0.677 72 3. 5 1.3966 

11. 1 0.0684 0.737 72 3.9 1. 2361 

RASCHIG rings 22 x 22 mm H = 2.47 m f3st = 2. 2% 

L (a ')2 
kg/m2.sec 

cp p N 

2. 3 0.07284 0.619 140 7.3 
2. 5 0.09286 0.605 140 6.1 
5 o. 05162 0.661 140 8.2 
5 o. 03916 0.717 140 7.7 
8. 5 0.03862 0.751 140 5.9 

10 0.02772 0.770 140 8.2 
14 0.01890 0.843 140 8.5 
17.5 0.02038 0.850 140 6.4 
22.3 0.01610 0.879 140 9.2 

- 1 n 
Mean deviation: IJo = ~ !: R 1mes - Real = O. 0051 

Real 

R1mes 

1. 2210 
1. 3175 
1.1574 
1. 1198 
1. 1223 
1. 0846 
1. 0571 
1. 0627 
1.0504 

Real 

1.2921 
1.2376 
1.1773 
1.1136 
1.1034 
1. 0805 

Real 

1.1274 
1.5214 
1.3633 
1.2254 

Real 

1.2384 
1. 3106 
1.1654 
1. 0579 
1.1232 
1.0863 
1.0579 
1.0627 
1.0490 

= ~ _1 [ ~ (R 'mes-Rcal) 
2 

_ .2 J 
a n-1 1 Real n IJo = 0.0153 

* non-wettable. 
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TABLE V-2 

RASCHIG rings 6, 4 x 6. 4 mm H = 1.63 m sst= 5% 

L (o-')2 1 (X j R'mes Real 
kg/m2• sec >..=s-

2 0.08710 1.66 0.0391 81 1. 2920 1.2955 
2,3 0,()7138 1. 98 0.0385 81 1.2300 1. 2402 
3 0.05446 2.19 0.0445 81 1,1919 1,1790 
5 0,03566 3.10 0.0442 81 1. 1198 1.1144 
7.9 0,03234 4.09 0.0338 81 1.1062 1. 1043 

10 0.02568 4.42 0.0402 81 1. 0787 1.0809 

RASCHIG rings 10 x 10 mm H = 1.567 mm 

s = 5% stat S* "' 1.34% stat 

L (o-')2 
X 1. 0: j R1mes Real 

kg/m2.sec s 

* 1,8 0,04062 4.00 0.0711 37 1. 1274 1. 1280 
2.3 o. 1524 1.18 0,0700 37 1. 5361 1. 5322 
7.9 0.1054 2,10 0.0530 37 1. 3966 1.3710 

11.1 0.0684 2.80 0.0583 37 1.2361 1.2291 

RASCHIG rings 22 x 22 mm H = 2.47 mm s "' 2,2% 
stat 

L (a' )2 x-1. (X j R1mes Real 
kg/m2.sec - s 

2. 3 0.07284 1,63 0.0540 71 1.2210 1.2413 
2.3 0.09286 1. 53 0,0457 71 . 1.3175 1.3142 
5 0,05162 1. 95 0.0616 71 1, 1574 1.1673 
5 o. 03916 2,53 0.0598 71 1. 1198 1. 1251 
8. 5 0.03862 3.02 0.0485 71 1.1223 1.1245 

10 0,02772 3,34 0.0623 71 1.0846 1.0870 
14 0.01890 5.35 0,0596 71 1.0571 1.0578 
17.5 0,02038 5.67 0.0485 71 1.0627 1.0627 
22.3 0.01610 7.29 0.0581 71 1.0504 1.0489 

Mean deviation: 
- 1 n R1mes - Real 
iJ. = ; ~ Real = 0, 000019 

* non-wettable, 
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VI. RADIAL DISPERSION IN PACKED COLUMNS WITH TRICKLE FLOW 

VI-1. Introduction 

A fluid flowing through a packed bed is mixed in axial and radial 
directions. Radial mixing in single-phase flow has been studied by several 
investigators42, 43, 44,45. The mixing process is often considered a diffusion 
process with a diffusion coefficient Drad· As in molecular diffusion, Drad 
will be assumed to be proportional to the product of a characteristic mixing 
length and a mixing velocity; for example: 

D rad = Q' rad · V p · dp ' 

where Q'rad is a constant, Vp the mean fluid velocity in the pores and dp the 
particle diameter. u d 

Usually a Bo number Borad = ~ is correlated with a Reynolds 
u d rad 

number P I] P. If Re is not too low (Redp > 20) the Bo number is mostly 

found for single-phase flow to be independent of Re and has a value of 10-12. 
Levens pie I and Bischoff 7, 46 have collected the experimental results 
of many investigators. They also discuss the different solutions and boundary 
conditions of the differential equations for each experimental set-up. 

In a packed column in which liquid is trickling through the packing 
in the presence of a gas phase, the liquid has a greater mobility. than with 
single-phase flow. This might result in better mixing in the radial directions. 
In this work an attempt was made to measure this mixing. 

VI-2. Experimental procedure 

In a packed column (dk = 0.1 m) filled with RASCHIG rings (dp = 
0. 64 em) electrodes for measuring electrical conductivity were placed 
(Fig. VI-1). The electrodes consisted of concentric copper wire rings each 
connected by an insulated wire to the outside of the column (Fig. VI-2). The 
distance between two successive rings was about 5 rom. At the top of the 
packed bed a small injection tube (d = 3 rom) was introduced about 5 rom 
into the packing. The concentric rings and the injection tube were carefully 
centred on the axis of the column, the latter with the help of a wide mesh 
gauze. On the gauze on the top of the packing 1-cm RASCHIG rings were 
dumped and on the very top 2.2-cm RASCHIG rings. The water from the 
cross-shaped distributor was sprayed on the big rings to ensure a better 
liquid distribution. It was later shown, however, that these rings did not in
fluence the final results. 

The experimental procedure was as follows: For a given water and 
air flow rate the conductivity between each successive pair of concentric rings 
was measured with an alternating current conductivity meter. Subsequently, 
a 3% NaCl solution was introduced continuously through the injection tube and 
the conductivity was measured again. Some time after the NaCl introduction 
was stopped the conductivity was determined to verify that all experimental 



- 49 -

conditions had remained the same. For the experimental conditions the con
ductivity varied linearly with the salt concentration as was checked by changing 
the salt concentration in the injection stream. It was assumed that the 
measured salt concentration between two rings Rn and Rn+l was the salt con
centration at a radial distance of i<Rn + Rn+l>· Considering the accuracy of 
the measurements, this seems to be a reasonable assumption. From the con
centration profile data thus found, an overall radial diffusion coefficient was 
calculated. Fig. Vl-3 shows typical examples of such concentration profiles; 
~Cas a function of R2 (~ = arbitrary constant). 

VI-3. Calculation of an noverall" diffusivity 

For two-dimensional diffusion from a point source we have: 

2 
D ( o C +.! oC) = oC 

rad oR2 R aR at · 
(1) 

Without a boundary the solution is4 7: 

C 4rr ~m t exp [- 4DR2 t J ' 
rad rad 

(2) 

Qm = mass flow rate of tracer. 

Sin c 1 air and Pot te r 45 showed how this equation can be applied 
to radial diffusion in axial flow. If Qm = C0 u n(Rk)2 and t = z/u, it follows 
from the equation above that 

(3) 

from which Borad = ~ = 9. 212 S. dp. z, in which S is the slope of the line 
0

rad -~-
obtained from the plot lOlog sc against R2. 

In this calculation axial dispersion is not considered. At a fixed 
radial position, however, there will be an axial concentration gradient since 
the tracer spreads out in radial direction. If axial diffusion against the bulk
flow is possible, it is physically more exact to consider both axial and radial 
dispersion in a more sophisticated analysis. However, in the case of a packed 
column with trickle flow and without gas flow, back-mixing seems to be quite 
improbable. · 

Equation (2) assumes no boundary or wall. If the column wall can 
be considered an ideal mirror for liquid flow, the influence of the wall on 
the concentration profile can be calculated .. As the column used in our experi
ments was siliconized, this seems to be a good assumption. 
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Sin c 1 air and Potter 45 determined the deviation of the slope S of 
the line 10log sc as a function of R2 for some values of y, y being the ratio 
of the concentration in the centre of the column and the concentration at the 
wall. From the table they published it follows that if y ~ 10 the deviation of 
S is smaller than 1% if only concentration values in the range 0 -::; R -::; 0.6 Rk 
are used to determine s. In our work y > 10, so that no corrections were 
made for the influence of the wall. 

The mathematical point source can only be approximated physically. 
The ratio of the diameter of the injection tube and the column diameter was 
very small (~ 0. 003) and so the assumption of a point source was justified48. 

VI-4. Experimental results 

Fig. VI-9 shows that the measured concentration profiles are con
siderably scattered. This could be explained by assuming, like Le spin as se 2, 
that the liquid flows in preferential pathways and cannot be considered to 
follow a diffusional law. 

It is, however, possible to calculate, using the method of least 
squares, the best line through the experimental points and to estimate in this 
way, using formula (3), a P6clet number to give a rough description oL the 
phenomenon. Fig. VI-4 shows the results for zero gas flow rate. 

The Bo number is about 5 or 6. Measurements were made at different 
bed heights to test if there were significant differences in the P6clet number 
near the source. Within the accuracy of the experiments this could not be 
detected. The column was emptied above the measuring cell and then refilled. 
The Nclet number then seemed to be somewhat higher. With Berl saddles 
the same Nclet number was found. 

VI -5. Influence of the gas flow rate 

Fig. VI-5 gives the influence of the air flow rate for counter-current 
flow. Before the flooding region was reached no influence could be detected. 
As the flooding point is approached strong radial mixing occurs. This can be 
explained by the increased hold-up near the flooding point. This creates high 
real gas velocities which give strong mixing. There may also be some back
mixing for these flow conditions, which induce also radial mixing. 

With co-current flow (Fig. VI-6) radial mixing decreases at high gas 
flow rates. The change in geometry from trickle to films for these condi
tions follows also from the liquid structure diagrams of Charpentier4. 
Unfortunately at relatively high air flow rates the measurements are not 
reproducible because of longitudinal waves at co-current flow and instabilities 
at counter-current flow. 

VI-6. Comparison with literature 

Few results have been published about radial dispersion in two-phase 
flow. Schiess e r and Lapidus 15 measured axial mixing at different radial 
positions and concluded that there was low radial mixing in a packing of 
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spheres. From our results it follows that radial mlXlllg. is somewhat more 
intense with trickle flow than with continuous single-phase flow. Some in
vestigators30,49,50,51,52 measured the liquid distribution for a single water 
jet in a non-irrigated packing. This process is also often considered as a 
diffusion process. H oft i j z e r 30 also collected results of other investigators. 
He considered the general case ofliquid distribution but for axially symmetrical 
cases these equations reduce to 

?JW = [ o2w + .l ?JWJ 
oz w 2 Roz' 

oR 

where w = quasi-diffusion coefficient 
W = density of irrigation. 

(4) 

To compare the results we shall consider the water distribution 
process to be a diffusion process in a hypothetical fluid with velocity u 
(u = mean water velocity). As t = z/u comparison of 4 and 1 gives 

Drad 
w =-u- (5) 

Hoftijzer p~oposed w = ~ , as an empirical relation to correlate the 
experimental findings of different workers. Hence from (5) 

dp = u ~ = Borad = 7 • 
w Drad 

This value isl quite close to the :Nclet number found in our experi
ments. This implies that diffusion in trickle flow is similar to free water 
distribution from a point source in a packed column. 

H liquid is flowing preferentially along the wall, water transport to 
the wall will be greater than from the wall to the centre of the column. 
Schiesser and Lapidus 15 found wall flow in the column they used. In 
our experiments wall flow was eliminated from the experimental section by 
siliconizing the wall. This might explain the qualitative differences between 
their work and our results. 

As the gas flow rate has little. influence it is probable that liquid 
deflection by the particles is the main cause of radial mixing in packed 
columns with trickle flow. just as with free water distribution. 

In Chapter II we noted that by measuring axial diffusion the tracer 
was not evently distributed over the top of the column. However, as the radial 
dispersion is relatively high no influence can be expected on the final results 
for axial mixing. 

Just as in the case of single phase flow, the axial and radial dispersion 
are not of the same magnitude. 
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VII. RESIDENCE TIME DISTRIBUTION IN THE GAS PHASE 

VII-1. Introduction and discussion 

In Chapter V we found that the residence time distribution in the 
liquid phase could not satisfactorily be interpreted with the model "axially 
dispersed plug flow". This was due to the fact that not all the liquid was 
free-flowing. 

It was thought that the same kind of stagnant regions could exist in 
the gas phase as gas could be captured or blocked partially by the liquid. 

De Waai16 found for RASCHIG rings of 2.5 em that the flow pattern 
in the gas phase could be described by an "axially dispersed plug flow" 
mechanism. The gas flow rate showed no influence on the dispersion in his 
work. Increasing liquid flow rate gave increasing dispersion. 

DeMaria and White53 on the other hand found a relatively im
portant deviation from uniform flow (tailing), specially for high liquid flow 
rates. They found increasing dispersion for increasing liquid flow rate and 
gas flow rate. Their experiments were made with i', 3/8' and l' RASCHIG 
rings. It seemed most probable that the divergence in results of De Waal and 
DeMaria was mainly due to the differences in RASCHIG ring dimensions. 

It was therefore attempted in our work to measure the residence 
time distribution in the gas phase for a packing dimension of 2. 2 em. 

VII-2. Description of the apparatus 

The measurements of the residence time distribution in the gas phase 
were made in the square column described in Chapter II. Just below the 
packing support, hydrogen was injected in the air stream. The hydrogen was 
introduced through three horizontal pipes with holes all along their length to 
ensure a better distribution over the column section, although De W a a }16 
showed that a point injection gave good results. On the top of the packing, 
the concentration of hydrogen was determined with the aid of a catharometer 
(see Fig. VII-1). The liquid distributor was positioned directly over the pack
ing and the sampling capillary of the catharometer was placed near the centre 
of the distributor close to the packing. This arrangement gave negligible 
additional mixing in the end section. 

A catharometer is not a very convenient instrument for the residence 
time distribution measurements, because: 

1. the response is slow; 
2. pressure and temperature fluctuations are measured. 

However, a catharometer is a simple unit and does not need any 
expensive electronic equipment. 

The instrument was constructed for much more general purposes and 
was adapted for residence time distribution measurements by the incorpora
tion of an air pump with needle valve and calming section to eliminate as far 
as possible the pressure fluctuations and to decrease its response time (see 
Fig. VII-2). 

The residence time in the detector was always negligible, as com
pared to the residence time in the column. Hydrogen was chosen as tracer 
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because the detector sensitivity was too low to use other tracers in small 
quantities and a pulse injection system was used since a step function seemed 
too dangerous with hydrogen. 

VII-3. Experimental results 

It was first verified that the response of the detector was linear to 
the hydrogen concentration. Successively larger quantities of hydrogen were 
injected and the reduced distribution curves were compared with each other. 

A satisfactory agreement was found. 
The residence time distribution curves sometimes showed an irregular 

tail. From a series of experiments at constant conditions these distortions, 
however, turned out to be random. They were probably due to free convec
tion. For higher gas flow rates such distortions were never found and there
fore the lowest gas flow rate used was 0. 37 kg/m2. s. 

Fig. VII-3 shows the results for a dry and wet packing (L = 0). The 
deviation from plug flow is very small for a dry packing and a packing height 

of 2. 8 m. Therefore the P~clet number (Bo = ~ dp = Pe ~) is very dif-
ax 

ficult to measure exactly. This is probably the reason why a considerable 
scatter is found in the results. But we can state that Bo ~ 2 or 1. 8 which 
is a value found by many other workers for different packings. 

From the results of De Waal it can be calculated that Bo ~ 1. 
He contributed the difference between this result and those of other workers 
to differences in flow pattern between a gas flowing through a bed of spheres 
and a bed of RASCHIG rings. However, many investigators showed that if we 
take the nominal packing diameter to collect the results. Bo ~ 2 for both 
RASCIDG rings and spheres. De Waal does not indicate whether the packing 
used was completely dry'or wetted. In our work a great difference was found 
between the results for a wet and for a dry packing. For a wet packing we 
found Bo ~ 1 depending little on the gas flow rate. 

DeMaria and White53 working with smaller rings found a much 
stronger dependence on the gas flow rate. They indicate Bo : : a-O. 2 in 
the range investigated. Our work shows that for bigger rings Bo : : a-0. 07. 

The liquid flow rate shows a much more significant influence (Fig. VII-4). 
This is in agreement with the work of both De Waal and DeMaria and White. 
If we compare the results of the literature and those from our work we see 
that Bo decreases with decreasing particle diameter. Therefore the liquid 
Reynolds number based on the superficial velocity and particle diameter does 
not seem to be a good parameter to collect all results. Probably the dis
persion is mainly influenced by the liquid hold-up. 

VII-4. Discussions and conclusions 

If all the liquid was distributed as films (homogeneously) covering 
each packing particle, no influence of the liquid flow rate on the dispersion 
in the gas phase could be expected. To explain the influence of the liquid 
flow rate we will imagine that liquid is blocking some pathways for the gas. 
So the gas is channeling through the other paths while the gas in the blocked 
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interchange with the moving fraction. 

STAGNANT 
PART 

The dispersion in the moving 
phase is neglected as there seems to be 
no means to determine this dispersion and 
it is probably small. 

For thls model the moment of 
the distribution functions can be easily 
derived from the model discussed in 
Chapter V if we take p -;;...co, The· moments 
are: 

JJ.o = 1 

JJ.1 1 
2 11-~\2 

JJ. = 1 +-~ 
2 N cp 

2 3 
= 1 + i. 1!.::!!£ + 6(1 =p) 

JJ.3 N cp 2 2 , 
cpN 

where cp = dynamic gas phase and 
total gas phase 

N = number of transfer units. 

A convenient way to find the model parameters is to calculate them 
from the second and third moments of the distribution functions. For the run 
G 0. 55 kg/m2. s very good experimental curves were obtained and for this 
series the second and the third moment were .calculated. The parameters cp 
and N are given in Table vn-1. The model is less applicable for the case 
L = 0 but in other cases N ~ 10 and so a height of a transfer stage of 
- 28 em can be calculated. The dynamic gas hold-up decreases with increasing 
liquid flow rate which seems logical. 

Table VII-1 

G = 0, 55 kg/m2. s 

L lkz IJ.3 cp N 

0 1. 0188 1. 0575 o. 52 47.7 

2.3 1. 0206 1. 0641 0.72 10.3 

s 1. 0268 1.0840 0.70 9. s 

10 1. 0364 1.1146 0.63 11.8 

17. s 1. 0725 1. 2343 0,53 11.4 
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From the reports of De Waal the modet parameters cannot be calcu
lated. DeMaria calculated also the skewness of his curves but the values 
mentioned in his theses were not available: 

To develop the theory described here much more work is needed with 
an improved experimental set-up. 
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CONCLUSIONS 

- The residence time distribution of the liquid phase of a packed column 
filled with RASCHIG ring and operating at trickle flow, depends on the ratio 
of dynamic to static hold-up (A). The Bo number increases with increasing 
A (Fig. III-12) but reaches a constant value for A > 8. 

- For the air-water system, studied in the present investigation, Bo for 
A > 8 depended on the packing diameter for constant flow rate. For 
dp ~ 10 mm Bomax becomes equal to 0. 5. For larger RASCHIG rings the 
maximum Bodenstein number is 2. RASCHIG rings of22 mm gave Bomax = 1. 
The same values have been reported for single-phase flow. Therefore it 
was concluded that the mixing behaviour for trickle flow is the same as for 
single-phase flow, but for low values of A a second mechanism increases 
the spread in the residence time distribution. 

- To estimate an overall Bo number for a packed column it is necessary to 
know the static and dynamic bold-up. Fig. III-2 can be used to find an ap
proximate value for the static hold-up. The dynamic hold-up can be found 
from the different correlations previously published. The equation of Otake 
and Okada successfully predicted the dynamic hold-up values for the pack
ings used in the present investigation. 

- For counter-current flow the gas flow rate had an influence only close to 
the flooding region. Stable operation in this region was found to be possible 
only for large packing diameters. For co-current flow the gas flow rate 
had some influence which could be explained qualitatively. 

- To explain the observations the total hold-up was supposed to consist of a 
free-flowing part and a non-flowing part. In the free-flowing part axially 
dispersed plug flow was assumed. This plug flow being subject to slow 
mass exchange with the non-flowing part. It was further assumed that this 
non-flowing or stagnant part is identical to the static hold-up. Justifications 
for this assumption are 

(1) The static hold-up is by definition non-flowing. 
(2) When the static hold-up is suppressed by using a non-wettable packing 

it was found that stagnant regions were absent, while for higher values 
of A. the influence of the stagnant regions diminished. 

With these assumptions a height of a transfer unit for mass exchange between 
the dynamic and static hold-up of about 30 em independent of the flow rate 
was calculated. An alternative model with ideally mixed cells was also 
described. Results of previous investigations could be explained from the 
observations in the present investigation. 

- Radial mixing at trickle flow was found to be more intense than in single
phase flow. A radial Bodenstein number of 5 or 6 was suggested although 
the radial spread of tracer is not very well described by a diffusional 
process. 
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- From a few experiments on the residence time distribution in the gas phase 
it was concluded that in the gas phase ther~ are probably also relatively 
stagnant regions. Measurements of residence time distribution in the gas 
phase could be a valuable procedure to find an explanation for the pressure 
drop in packed columns. More work is needed in this field. 
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CONCLUSIES 

... Het onderzoek betreft de verblijftijdsspreiding in de vloeistoffase van een 
met RASCHIG-ringen gepakte kolom bij twee-fasenstroming, waarbij de gas
fase continu is ("trickle flow"). Gebleken is dat deze verblijftijdsspreiding 
atbangt van de verhouding van de dynamische en statiscbe vloeistofinboud 
(X). Het Bodenstein-getal neemt bierbij toe met toenemende X (Fig. III-12), 
maar bereikt een maximale waarde voor X> 8. 

- De maximale waarde van bet Bodenstein-getal bleek bij bet bier onderzocbte 
lucht-water systeem o. a. nog een functie te zijn van de diameter van de 
gebruikte RASCHIG-ringen. Voor ringen tot en met 10 mm is Bo 0,5 de 
hoogst bereikbare waarde terwijl voor grote deeltjes Bo = 2 bet maximum 
is. Voor ringen van 22 mm is Botnax = 1. Het is bekend dat voor ~n-fase
stroming van vloeistoffen door een gepakte kolom voor lage Reynolds
getallen Bo = 0,5, terwijl voor hoge Reynoldsgetallen Bo = 2 te bereiken 
is. Verondersteld werd daarom dat bet menggedrag en de mengmechanismen 
voor ~en- en tweefasenstroming hetzelfde zijn, maar dat voor kleine waar
den van A. een tweede mechanisme bij twee-fasenstroming een toename in 
de verblijftijdsspreiding veroorzaakt. 

- Om nu een Bodenstein-getal te schatten voor een globale beschrijving van 
de verblijftijdsspreiding is bet noodzakelijk dat men de statiscbe en de 
dynamiscbe vloeistofinboud kent. Voor een bevochtigbare pakking kan men 
gebruik maken van Fig. IIT-2 om een benaderende waarde te vlnden voor 
de statische vloeistofinboud. Aanbevolen wordt om de dynamiscbe hold-up 
te berekenen uit de gepubliceerde semi-empirische betrekkingen. Voor de 
in dit onderzoek gebruikte bevocbtigbare pakkingen bleek de vergelijking van 
Otake en Okada goed te voldoen. 

- In tegenstroom doorgeleide Iucht oefent eerst dan aileen invloed uit op de 
verblijftijdsspreiding, als bet bovenste stuwpunt bijna bereikt is. Bij gelijk
stroom wordt de verblijftijdsspreiding van de vloeistof eveneens belhvloed. 
Getracht werd om dit te verklaren uit de verschillende stromingsvormen 
welke optreden bij gelijkstroom van water en Iucht in gepakte kolommen. 

- De waarnemingen werden beschreven met een model-voorstelling. Aange
nomen werd dat de vloeistofinhoud opgebouwd is uit een stromend- en een 
niet-stromend gedeelte. Het gedeelte dat vrij kan stromen werd bescbreven 
met propstroming met axiale werveldiffusie. Tussen deze fractie en bet 
niet stromende gede_elte treedt stofuitwisseling op. Aangenomen werd verder 
dat bet niet-stromende deel (de "dode zones") gevormd wordt door de 
statische vloeistofinhoud. 
Deze aanname lijkt gerechtvaardigd doordat 
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1. dit per definitie de vloeistof is die niet weg kan stromen indien men de 
vloeistoftoevoer afsluit; 

2. gebleken is dat indien de kolom geen statiscbe vloeistofinhoud beeft tevens 
bet niet-stromende gedeelte afwezig is, terwijl voor boge vloeistof
belastingen ( A >> 1) de invloed van de dode zones klein was. 

Met bovengenoemde aannamen werd de boogte van een stofoverdracbtstrap 
bepaald voor stoftransport tussen de dynamiscbe en statiscbe vloeistof
inhoud. De boogte bleek, onafhankelijk van de vloeistotbelasting, ongeveer 
30 em te bedragen. Ook werd een alternatieve bescbrijving met mengkamer
modellen gegeven. Met bebulp van bet bove.nstaande model kunnen de ver
scbillende gepubliceerde resultaten van .ander onderzoek verklaard worden. 

- De radiale menging bij "trickle flow" blijkt intensiever te zijn dan bij 
een-fasestroming. Het radiale Bodenstein-getal is ongeveer 5 of 6. Het 
is ecbter niet zeker dat bet mengproces bevredigend met een diffusie
coefficient bescbreven kan worden. 

- Een klein aantal metingen betreffende de verblijftijdsspreiding in de gasfase 
werd verricbt. Waarscbijnlijk treden ook in deze fase relatief stilstaande 
gebieden op. Dergelijke metingen zouden waarscbijnlijk van nut kunnen zijn 
bij de verklaring van bet drukverlies in de gasfase voor gepakte kolommen. 
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APPENDIX 1 

CONCENTRATION MEASUREMENTS AS A METHOD FOR DETERMINING 
RESIDENCE TIME DISTRIBUTIONS 

A -PULSE INJECTION 

11 \ \\ 
H 

s , 
rvt:ASUREMENT 

Figure 1 

~ 
Fig. 1 represents an experimental set-up for measuring residence 

time distribution in the section H. If the velocity distribution is not uniform 
in the measuring section there will generally be a variation of concentration 
across the section too. We assume an ideal 6 injection at A, i.e. at every 
point tracer is injected in an infinitely short time with an amount proportional 
to the local liquid velocity. We would like to determine the mean "age" of 
the fluid elements in a cross section at S. 

We have to determine experimentally the value of 

c 
co 

where U = local fluid velocity. 

1 
co 

II U.C.ds 
s 

II U.ds 
s 

C = local tracer concentration. 

However, if the velocity profile is uniform, equation (1) reduces to 

SI C.ds 
c s -= 

IS ds 
s 

(1) 

For the experimental conditions used in our work, a flat velocity' 
profile can be expected. It has been shown by L e spin as s e 2 that if the . 
wall of a packed column is non-wettable no "wall effect" occurs and on a 
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macro-scale there is uniform flow. The wall of the columns used in our work 
were always non-wettable. De Waall6 also reported uniform flow for the 
semi-technical column used in his investigations. Rulkens36 found that the 
standard deviations for residence time distributions measured over the cross 

'section inside the column are identical to those of the distributions derived 
from measurements obtained after complete mixing outside the column of all 
exit liquid. 

If there is no difference in the dispersion pattern over the cross ? 

section of the apparatus, even if the tracer is not uniformly distributed over~ 
the cross section, we can still measure the axial dispersion independently 
of the radial dispersion. To do this we should measure the mean tracer 
concentration over the cross section. 

For uniform flow in a circular pipe with axial dispersion we have 
a mass balance for the tracer: 

POINT SOURCE 

8 INJECTION 

Figure 2 

H 

~tc = - U oc + D o2C + D 1 ..Q_(r oc) 
0 (:;z ax az2 rad r or or • 

with boundary conditions: 

z = 0 

t > 0 

t > 0 

At z = H we measure: 

2 R 
C = rr R2 OJ r c dr = 

r = 0 

r = 0 

r=R 

c = n li(t) 

oc - 0 
Cir -

oc = 0 or . 

R R R 
- U _Q_ f r c dr + J _Q_ D oc r dr + f ~~ az 

0 0 oz ax az 0 o 
(D ac) d = ac 

rad r or r ot 
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The last term is equal to zero, since: 

R R 

__Q_ (D r oC ) dr = D r oC 
or rad or r or 0 = 0 

and so the equation becomes: 

- 2-
oC = -u oC + D a c . 
ot oZ ax oz2 

Hence only axial dispersion is measured. 
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APPENDIX 2 

THE MAXIMUM QUANTITY OF LIQUID HELD AT THE CONTACT POINT 
OF TWO SPHERES 

Considering an element of a curved interfacial plane, from a balance 
of forces it follows that (see Prandtl54): 

1 1 
p -P2=y~+-) 1 s R

1 
R

2 

Ys = surface tension 

In this equation (Laplace) R1 and R2 are the radii of curvature in two ortho
gonal planes perpendicular to the sur
face at r. If the quantity of liquid 
held between two spheres is suf
ficiently small so that the deforma
tion of the water ring is small, we 
find for the capillarity pressure in 
Fig. 2: 

in which z = R sin a, 

R = ,!l(l - cos Ql) and 
0 cos(a + a ) c 

e = contacting angle liquid-
c solid. 

This pressure has to counteract the pressure induced by gravity. 
However, at critical conditions , as the maximum liquid quantity is held at 
the contact point, strong deformation of the liquid from the idealized geo
metry presented in Fig. 2 can be expected and has been observed. 

Turner and Hewitt 55 measured the quantity of liquid held at a 
contact point of two spheres as a function of the elevation angle 1jl of the 
contact point, liquid properties and sphere diameter. In their experiments 
the liquid-solid contact angle was always zero. They correlated their results 
by: 
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m (0. 8537 - 0. 01722 v + 0. 001371 v2) { ;
1 

} (1.17 - 0. 0043 1jJ) 
~= d~ 

where d = diameter sphere, 
v = elevation angle, 
m = mass of liquid held at one contact point. 

With this formula it is possible to calculate the static hold-up for a 
given arrangement of spheres. However, the calculations were found to be in 
agreement with the observations on actual packings only if the E6tvos number 
is sufficiently high (see Do m b rows k i and Browne ll 56. Experimental 
values for packings of spheres indicate in this region: 

In the present investigation this relation was found to be equally 
valid for RASCHIG rings if the EBtvos number is not too small. As the 
number of contact points/unit volume for a given packing arrangement is: 

N 
con = d -3 -v. p 

from the relation of Turner and Hewitt 55 it follows that: 

roN 
con ~ 

pV 
const 

E<:Stvos or Q ~ canst . -2 
jJ = d stat ~ Eotvos • p 

For lower Etltvos numbers the experimental data for both RASCHIG 
rings and spheres indicated a lower static hold-up than calculated froin the 
equations above. Probably in these regions the liquid in the contact points 
are not independent and may be in contact with each other, forming larger 
drops by coalescence and then draining away. 

Indeed the fraction of area wetted is larger for a packing of smaller 
spheres with the maximum static hold-up than for the corresponding case of 
large spheres. This will be demonstrated below. For one contact point the 
amount of liquid per sphere is: 
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4 3 
e Sstat 3 11 R 

(1 - e)N s 

where N = number of contact points on one sphere. s 

(1) 

We will approximate this volume by the 
difference between the cylinder volume and the 
spherical volume as shown in Fig. 3. So 

So with (1) 

or if R >> h: m = n h2 R. 
p 

4 e sstat 
3(1-e)N 

s 

Further, the wetted area for one contact point is approximately 

Sw = 2nR h . 

The fraction of the sphere wetted is: 

N S 
s w 

s sphere 

Further, for large spheres it was found experimentally that 

• -2 
13 stat =; dp ' 

so 
N S 

s w ,; d -1 
8sphere . p 

Hence, for smaller particles a larger fraction of the surface is covered with 
liquid. 
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APPENDIX 3 

DYNAMIC HOLD-UP CORRELATIONS 

Apart from some purely empirical hold-up correlations for special 
purposes, dynamic hold-up correlations can be rearranged and brought into 
a general form: 

e Sdyn const . Rea . Grb . f(s) 

L 
in which Re = N113 Tl (Reynolds number), 

b 
N 112 Gr (Grashoff number), 

N = number of particles per unit volume·, 

f(s) = special correction function. 

Table A 

a b const. 

Otake and Okada25 0.676 -0.44 1.295 

Varrier and Rao57 0.67 -0.44 7.12 

f(s) 

Sg(1- e) . dp(No) -0. 215 

Davids on 58 0.333 i -0.333 7.65 
aw 1/3 -1/3 

(N1/3) ·No ·aw ~ 
Mohunta and Laddha 59 0 .. 75 1-0.5 116.13 N -0.5 

0 

N0 = N d 3 and a =wetted area/unit volume. p w 

The correlation of D a v ids o n 58 was derived from a theoretical 
model. He assumed the packing to consist of flat surfaces with a random 
distribution of angles of elevation. The liquid was supposed to move in laminar 
films over these faces. The model was compared with some literature data. 
These data indicated, however, a more definite influence of Re than suggested 
by the 1/3th power of the theoretical equation of Davidson. Thus, the laminar 
flow assumption is probably not correct. It is also difficult to estimate the 
wetted area used in Davidson's equation. Different methods of determining 



- 67 -

this wetted area give quite different values. Davidson's model, however, in
dicates directly the relevant dimensionless groups Re and Gr. 

The other correlations mentioned in Table A are semi-empirical 
equations derived from experiments and dimensional analysis. It was suggested 
that they were valid for packings of different shapes. This is probably the 
explanation for the differences between the correlations, since in the different 
investigations attention was not equally divided between the different packings. 
For RASCHIG rings there is a special problem as increasing the porosity by 
taking rings with a smaller wall will probably not have the same influence as 
taking a less dense packing. It is expected that in this case the specific sur
face can also not be used as it has been shown that the inner surface of the 
rings does not have the same influence on the flow pattern as the outside 
surface (see B r au e r 60). 

It has been reported (see R o s s 18) that dp/ dk might influence the 
dynamic hold-up. Hence additional work of a more systematic nature is 
needed in this field. 
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APPENDIX 4 

FLOODING CORRELATIONS 

Many flooding correlations have been proposed in the literature. We 
will only discuss the most important ones. 

The correlation of Sherwood et al. 61 is the best known although 
it dates from 1938. The correlation is compared with our experimental 
results in Fig. a together with those of Lobo et al. 62 and Zen z et al. 63. 
Though all the experimental points are in the shaded region, the agreement 
with the proposed correlations is not very satisfactory. 

The flooding correlation of Mersmann64 is given in Fig. b. It 
relates a dimensionless film thickness: 

(
2) 1/3 L(l-e) 

2 d ep 
g p 

and a pressure drop in the dry packing for the gas velocity at flooding con
ditions. From this pressure drop in the dry packing the gas velocity at 
flooding can be calculated with a modified Ergun equation or an equation given 
by Brauer 60. · Mersmann also gives some tables relating the pressure drop 
in dry packing to the gas velocity. 

To plot our results we took that measured pressure drop in the dry 
packing for the same gas velocity as the flooding gas velocity. 

In Mersmann's diagram the 6.4-mm packing results give large dif
ferences while they fitted well to the correlations presented in Fig. b. 

None of the correlations presented in this appendix include the surface 
tension, packing wettability or H/dk. It is possible that still more parameters 
are relevant and are not included in the correlations. This might may be the 
reason for the divergences. 
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THE CALCULATION OF MOMENTS GENERATED BY THE "C' DIAGRAM" 

When a residence time distribution is plotted in reduced co-ordinates 
so that the area enclosed by the curve is unity, the magnitude of the moments 
around the origin depends on the reduction factors of the time co-ordinate. 
Let us consider the reduction of a "C diagram" to a "C' diagram": 

c c• 

i i 

moments 

~e' 

moments 

1 

1 

The transformations of the axis to derive a "C' diagram" from a 
"C diagram" are: 

c ~c· C X ~1 , 



so that: 

and generally 
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00 00 

~·0 = 
0
j c• d e• = J c d e = 1 

~· 1 

GO CD 

OJ a'C'de' - ~ j acda = ~1 . ~ = 1 
- IJ.1 0 ~1 

1 k 
iJ.' = (-) u. k ~1 'K 
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APPENDIX 6 

THE CALCULATION OF THE STANDARD DEVIATION IN A "C' DIAGRAM 

In Appendix 5 we established that: 

1 k 
!1'k = ~) iJ1t • 

where IJk = kth moment in a "C diagram", 
ll-'k = kth moment in a "C' diagram". 

(1) 

Levenspiel 9 found the standard deviation in a "C' diagram" for 
the model "Plug flow with axial dispersion in an infinite tube": 

2 2 8 
(j =~+--) 

Pe (Pe)2 

and 

Further is 

Using (1) we find for the "C' diagram": 

fl.' = [1 + -2.. + ___!L Jl fl[1 + ...!..]2 
2 Pe (Pe)2 V I Pe 

and since: 

the variance is: 
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APPENDIX 7 

CALCULATION OF THE "OVERALL" PECLET NUMBER FROM THE VALUE 
AND POSITION OF THE MAXIMUM OF THE EXPERIMENTAL CURVE 

If "tailing" occurs it is often not possible to determine the standard 
deviation of the experimental curve. If we know, however, from the model 
considered the place and the height of the maximum of the C diagram, the 
model parameters can be deduced from the experimental value and position 
of the maximum. In this investigation the calculations were made using 
Levenspiel's9 model, but the method can be applied using other models. 

Levenspiel9 found for axially dispersed plug flow the C diagram: 

I C = f(Pe, a) I c = !<~:>! exp [ -Pe~;a>
2 J (1) 

For a maximum on the model curve in the C diagram: 

<oc> 
oa Pe 

From (1) and (2) we have 

and from (2) and (3) we have 

o => I at = f(Pe) 

ct = f(Pe) I , 

(2) 

(3) 

(4) 

Function (4) can be easily calculated from (2) and (3) and is given schematically 
in Fig. a. 

Ct 

I 

e~· t 

for piston flow 

at = 1 ct = +oo 
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For the experimental cUive the mean residence time is not well 
defined if tailing occurs and it is also difficult to calculate it exactly. The 
first moment of the experimental curve was calculated to obtain the 
C1 diagram: 

t y dt 

y de 

The ratio m1/m0, however, is sensitive to "tailing". 
If we had made the time axis dimensionless by dividing by, say, t0 , 

then a C" curve would have been obtained. If we keep the area under the 
curves in such diagram = 1, all those curves related by: 

c'orc" 

0.9 095 
8" or Bt 

For the model we found: 

B'or B" 

C" t 
9" 
t 

1 or -= C" t 

C I a I 
t t 

(5) 
a " t 

c I e I 
t t 

(6) 

If we sketch relations (5) and (6) in one figure, we could find from 
the coordinates of S and relation (2) or (3) a P~clet number. This P~clet 
number corresponds to a model curve with the same value and position of 
the maximum as the reduced experimental residence time distribution curve. 
The mean residence time predicted by the model is, however, shorter than 
that calculated from m1/mo since the model shows less asymmetry. 
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APPENDIX 8 

THE CALCULATION OF THE MOMENTS GENERATED BY THE MODEL 
"PISTON FLOW WITH AXIAL DISPERSION AND MASS TRANSFER" 

The moments are given by: 

k-= 
lim (-l)k ~ kc • ~ =~o o 

p = exponent in the Laplace transform of 

k = 0, 1, 2, 3 ..•. 

q ~ \f4-~"Ji 

p 

The calculations are simplified by changing the variables. The new 
variables, relevant derivations and limits as p ~ 0 are set out on the next 
page. 



Y = .!.e A 
B 

A = R(j--q) 
ql 

B = i +q 

R = !+ ~ 

D = q>2pN + ep2p2(1-q>) 

E = p(1-q>) + q>N 

q ={it 
D a 'E 

The first moment: 

p 
A' =- -q' 

ql 

B' = q' 

from which it follows that 
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D' = q>2N + 2q>2 (1-q>)p lim 
E' = 1 - ql p-:>0 
D" = 2q>2(1-q>) a -:>0 
E" = 0 R -:>! 
D" I ;; 0 q ->l 
E" I = 0 A -:>0 

D'E- DE' B -:"> 1 
a' 

E2 
y -:>1 
D -->0 

R' a' E --;;.. q>N 
p D' --;;.. q>2N 

B' q' E' --?1-q> 

A' 
p D" --? 2q>2(1-q>) - -q' 
ep E" -:>0 

D" 1--? 0 
q' E" 1 -ll>- 0 

2{R a' -?q> 

R' .,9;1. 
-llo- p • 

~ = - .9! A' ~ lim B' .9! 
2{R P p-:>o P 

IJ.1 = ~0 (-1)1Y1 = (-1).1.[ -1 - jj J 

1-Lt = 1 + ~ 
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The second moment: 

lim Y" = (-1 - .se)(-1 - ~) + lim (A" - B") ro P P p-70 

A" 
p 

- -q" 
tp 

p R"2VR- (R')2/v'R 
tp 4C 

lim A" = lim _ f. (R" _ 2(R')2) = lim _ f. [R" _ 2~>2] 
p--7 0 p-7 0 tp '\ p-? 0 tp p 

lim R'' _ lim !. " 
p-?0 - JH>O Pa 

lim !. (D'E + D"E - D'E' - DE")E
2 

- 2EE'(D'E- DE') 
p--:>0 P E4 

B" = " ==:;.. lim B" q p-?0 

from which it follows that 

lim (A" - B") 
p-?0 

2 1. 
-2 £ + tm R" 

p2 p-?0 

lim ~ P 
n...-"> 0 (R" - )(-1 - -) 
!' ~ p2 tp 

[ - ..L (1-r.p)
2
]- 2se.: (-1 - p) 

NP p2 tp 
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and 
rn

2 
rn 2 2 1 1 

1 + 4 =- + 4 ..:r. + -(1-tp) (- + -) 
p2 P N P cp 

Higher moments may be found in a similar manner, by successive 
differentiation, although the equations rapidly become cumbersome and 

· complicated. 

2 12 2 
+ 12 ~ + PN (1-tp) • 

p 
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APPENDIX 9 

CALCULATION OF THE MOMENTS OF THE DISTRffiUTION FUNCTION 
FOR THE MIXING CELL-PISTON FLOW MODEL 

Q 

r 

c(i-1) c2 Q'l 
cb I 

~ 
VA 

From a mass balance it follows that 

TA dc2 
c(i-1) = c2 +-,:- de 

T 

c3 (9) = c2 (e - -f"> 

Vp 

1-a 

V VA 
in which 9 = ~' T j[a Tp +'fA], Tp =~and TA Q' 
Using the Laplace transformation we find: 

. of: (c) - "" - e = c = 
0

] e P c d9 

-

I c3 ci 

I 

- J 

(1) 

(2) 



and ceo 
c(i-1) 
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£ill - [ _£ru_J j 
c(o) - c(i-1) • 

With a 6-injection function to the first unit c(o) = o(e) and c(o) = 1. 
TA 01V A 

We introduce - = ·y = -:y-- , 
Tp . p 

so 

The moments can now be found from: 

IJ.l 1 
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APPENDIX 10 

CALCULATION OF THE MOMENTS OF THE DISTRIBUTION FUNCTION 
FOR THE DOUBLE MIXING CELL MODEL 

Q --+-~-:----< 
c(i-1) 

0! 

1-0! 

From a mass balance it follows that 

c(i-1) == c1 (i) 
'1"1 

+- . 
'I" 

c(i-1) = c2 (i) 
'1"2 

+-
'T' 

in which 9 = ~· 'I" j[OtT1 + (1-0!)'1"2], Tl 

Using the Laplace transformation we have: 

ot'(c) = c 

c(i-1) 

>----+-- c(i) 

j 

dc(i) 
d8 

dc
2 

(i) 

(18 (1) 

(2) 



- 83 -

and so '!"2 T1 
-. 1 + p(a- + (1-a)-) 

....£ill_ - ,. ,. 
c(t-1) - ,-

1 
,-
2 (1 + p-)(1 + p-) 

'r T 

or .£ill - _i_ - ( c )j 
c(o) - ci_1 · 

With a 6-injection function to the first unit c(o) = 6(9) and c(o) = 1. 

V 1 1"1 'H1-"'\ 
We introduce - = 1:1 and A - = ~ 

· v2 '~"2 a 

=[ 1+cp Jj 
(l+ap)(l+bp) 

in which a = j(l+a~A-1))' b 
1 _ A + a(l-A) 

j(l+a(A-1)) and c- j(l+a(A-1)) • 

The moments can now be found from: 

iJ. = 1 1 

3 
1 + a(A -1) 6(j - 1) 

[1 + a(A-1)]3 + j 

1 + a(A
2
-1) + (j-1)(j-2) 

[1 + a(A-1)]2 j 2 

(3) 
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APPENDIX 11 

INFLUENCE OF THE DISPERSION ON THE MASS TRANSFER 

Axial dispersion in both phases influence the observed height of a 
transfer unit. The exact influence can be estimated only roughly as the 
diffusion model is an approximation. 

L.p 
If in a practical case 

coefficient [K mol/m
3

]gas " 

in _.:_g_ ~><~ 1 in which "m" is the distribution 
G.pL 

then the equations that give the influence of 
[ K mol/m3]1iquid 

dispersion on mass transfer given by Miyauchi5 reduce to very simple 
relations. In the notation of Stem e r ding and Z u ide rw e g 6 the equation 
becomes: 

(HTU)* == (HTU) + (HDU), 

(HTU)* 

(HTU) 

(HDU) 

H 

= apparent height of a transfer unit, 

= real height of a transfer unit, 

P H + ~ = height of a diffusion stage, 
eliquid e gas 

= height of the column. 

This relation holds if H » (HDU)*. Hence, for 22 x 22 em RASCHIG 
rings with a liquid flow rate of 10 kg/m2. s and a gas flow rate of 
0. 55 kg/m2. s Pegas ~ Peliquid ~ 75 (Hcolumn = 2.80 m). 

L Po-
Bence, if m x - x --l:l !":,; 1 we find G p , 

L 

(HTU)* (HTU) + 0. 075 m . 

For smaller packing diameters the influence of the diffusion is still 
more important as Bo is lower for both gas and liquid phase. 
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LIST OF SYMBOLS 

column cross section (m2) 
Ud 

axial Bodenstein number y 
Ud 

radial Bodenstein number ~ 
rad 

concentration (mole/m3) 

concentration if all the injected tracer was uniformly distributed 
over the measuring section 

c/c0 
2 = Y • ml/mo 

concentration in the stagnant phase (mole/m3) 

=I:. (C) Laplace transform of C 

electrical conductivity in axial direction 

axial diffusion coefficient (m2/s) 

axial diffusion coefficient in the dynamic fraction (m2/s) 

radial diffusion coefficient (m2/s) 

column diameter (m) 

nominal particle diameter (m) 

diameter of sphere having the same specific surface as the par
ticle (m) 

extraction factor 

tracer transport rate (mole/s) 

acceleration of gravity (m/s2) 

gas flow rate (kg/m2. s) 

height of the measuring section (m) 

height of the column (m) 

= ¥ height of a mass transfer unit (m) 

modified first order Bessel function 

number of elements in series 

mass transfer coefficient (s-1) 

liquid flow rate (kg/m2. s) 

00 

:E (lz)2r + 1 
r =0 r! (r + 1)! 
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Qm 
R, r 

Sp, Sg 

to 
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tm 
u 

U(x) 

U' 

v 
Vp 
w 
X 

y 

z 
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(mole/m3)gas 
distribution coefficient 3 

(mole/m )liquid 
kth moment around the origin of the function y = f(t) 

number of transfer units 

Peclet number for the dynamic fraction 

Peclet number based on H 

~lace transform variable 

volumetric flow rate (m3 /s) 

mass flow rate of tracer (mole/s) 

radius (m) 

column radius (m) 

theoretical skewness 

measured skewness 
U' d Reynolds number = ~ 

\) 

U' 
Reynolds number 

\) 

Ude 
=--

\) 
Reynolds number 

mass exchange surface between dynamic and static fractions 
(m2fm3) 

specific surface of a particle (m2fm3) 

arbitrary time (s) 

time (s) 

mean residence time 

A Q a mean real velocity (m/s) 
e tot 

unit step function 

superficial velocity based on the empty column (m/s) 

volume (m3) 

mean velocity in the pores (m/s) 

irrigation density 

= Z/H reduced height 

recorder deflection t seconds after tracer injection (mm) 

distance from the top of the column (m) 



Stot 

Sdyn 

Sstat 

S'tot 

Ys• YL 
6 (t) 

G 

11 
a 
9' 

9" 

\) 

p 

cr 

cr' 

T 

ill 
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liquid fraction passing through the stagnant region 

total hold-up (fraction of void volume) 

dynamic hold-up (fraction of void volume) 

static hold-up (fraction of void volume) 

total hold-up in the measuring section 

surface tension (Nt/m) 

Diracs 6 function 

void fraction 

arbitrary constant 

dynamic viscosity (k:g/m. s) 

= tiT reduced residence time 

= 9/!Jol t. m0 /m1 reduced time in the C' diagram 

residence time 
arbitrary time 

liquid-solid contacting angle 

= Sdy/Sstat 
kth moment around the origin in the C diagram 

kth moment around the origin in the C' diagram 

kinematic viscosity (m2/s) · 

density (k:g/m3) 

= ~ 1.1.2- 1.1.1
2 standard deviation in the C diagram 

= ~~~· - (JJ.' )2 standard deviation in the C' diagram 
""2 1 

H/U (s) 

ady/atot 
angle of elevation 

quasi diffusion coefficient (m) 
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LEVENSBERICHT 

Op aanbeveling van de Senaat volgt bier een kort levensbericht van 
de schrijver van dit proefschrift. 

Hij werd geboren te Nijmegen op 18 januari 1942. Na de lagere school 
bezocht hij het St. Joriscollege te Eindhoven, waar het eindexamen H. B.S. -b 
werd afgelegd in 1960. Aansluitend studeerde hij scheikunde aan de Technische 
Hogeschool te Eindhov~n. Zijn afstudeerwerk voerde hij uit onder Ieiding van 
Prof. Dr. K. Rietema op het laboratorium voor fysische technologie van de 
T. H. Eindhoven. Het ingenieursexamen werd afgelegd in januari 1965. 

In februari van datzelfde jaar trad hij in dienst van het Koninklijke/Shell
Laboratorium, Amsterdam en werd gedetacheerd aan de ECOLE NATIONALE 
SUPERIEURE DES INDUSTRIES CHIMIQUES (Universite de NANCY). Zijn werk 
onder Ieiding van Prof. Dr. P. Le Goff leidde tot dit proefschrift. Aldaar 
werd hem tevens een DIPLOME D'ETUDES SUPERIEURES uitgereikt. Momen
teel is de schrijver weer op het laboratorium te Amsterdam werkzaam. 
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STELLINGEN 

Verblijftijdaspreiding 

1. Indien grote spreiding in verblijftijd gevonden wordt, is het toe
passen van modellen voor verblijftijdsspreiding slechts dan aan te bevelen, 
indien in het onderzochte stromingspatroon de terugmenging die deze modellen 
inhouden ook werkelijk verwacht of aangetoond wordt. 

2. Verblijftijdsspreidingsmetingen aan modelopstellingen en met ide ale 
tracers kunnen misleidend zijn. lndien steile gradienten van fysische groot
heden te verwachten :djn, is het aan te bevelen bij de modelproeven ook niet
ideale tracers te gebruiken. 

3. De M a ria en White berekenden uit de verblijftijdsspreiding in de 
gasfase bij twee-fasen -stroming in een gepakte kolom een uitwisselingsoppervlak 
tussen v loeistof- en gasfase. 
Bet door hen voorgestelde model verklaart hun waarnemingen niet en het be
rekende grensvlak toont een andere trend dan gewoonlijk bij meer directe 
metingen gevonden wordt. 

DeMaria, F., Wltlte, R. R., A. I. Ch. E. Journal 2, ( 1!160) 473. 

4. Levens pie l en Bischoff suggereren ten onrechte dat de verge
li:jking welke zij citeren voor het F-diagram van het model "propstroming met 
axiale diffusie in een half-open reactor" de exacte oplossing is voor de ge
noemde grenscondities. 

Levenspicl, 0. , Bischoff, K. B., P•tter'!ts of flow in cbcmical process vessels 
Ad.,.ance• in Chemical Engllieering, ,!. Acadert>ic Pre., L<>nd¢n ( 19!;13). 
y,., d<>r b..,, E. T., <;:he"'. fulg. Sci. ?.. (!!ISS) !87. 

Chemische reacties en geflurctiaeerde bedden 

5. Ozon adsorbeert aan kriul.kkatalysator. Daarom kunnen u\t de 
experimenten van Orcutt, Davidson en Pigford geen algemeen geldende con
clusies getrokken worden omtrent het conversiegedrag van geflurdiseerde 
bedden. 

Orcutt, J. C., Dovid.'i0Ii1 J. F, en Pig[ord, R. L., Chera. Eng. Progr, Symposium Series· 

SS ( !96Z) 38-1. 
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6. Schwab en Hartmann vonden voor de katalytische afbraak van 
Os aan FezOs een activeringsenergie van 2,2 kcal/mol. Deze waarde is te 
laag. In de door hen gebruikte meetopstelling hecft vermoedelijk stofover
dracbtslimitering plaatsgevonden. 

Sc:hw•b, G.M. en Hartm.,n, G,, Z. Phys. Ch•m. Neue Polge §.( 19515) $6-71, 72-82, 

Orcutt, J. C., O"vidOOil, J, F. en Pigf<lld, R. L,, Chem. Eng. !'.og<. Symposium Serie< 

j!!. ( 1%2) 38-l. 
Frye, C. G., L;U.e, W. C. en Ecl<st.om, H. C., A. I. Ch. E, J<>urnal i ( 1958) 403. 

7. Het is in bet algemeen niet ;mogelijk een gas-vast-"fluid-bed" 
reactor door middel van adsorptie-desorptie-modelproeven te karakteriseren 
als chemlscbc reactor. 

Biologie en de Jngenieur 

8. De eencellige groene alg chlorella pyrenotdosa kan verschHlende 
stoffen zoals glucose gebruiken ala energie- en koolstofbron. lHerdoor kan 
deze alg ook bij uitsluiting van licht gekweekt worden. Verwacht wordt dat de 
kostprijs van de op deze wijze geproduceerde algen zo laag is dat in Japan 
hiervoor een goede :markt gevonden kan worden. 

S•rocjim•, H. en Mycro, J. , Gen. Microblol. .!§. ( 19$8} Hl7 -J!7. 
Toun;ya, H., Mededelingen op UNESCO Sy=pO•ium Toki<> Nlcuwsbcri~h~ No, 
64-3, 5-2-1%4. 

9. Licht van hoge intensiteit wordt door algensuspensies met laag 
rendement gobruikt vanwege de ~~. Hchtverzadiging van de fotosynthese. 
Toepassing van turbulent.\e ~n de cultures teneinde d~ze verzadiging tegen te 
gaan is economisch nict aantrekkelijk. 

Burlew, j. S., Algal culture from lol:><»:atwy 00 1'Hot plant, Comcgi~ ln<til'Ution of 
Technology, Woshingwn l'ubl. !illQ ( !95~). 
Domascl:ll<c, !C. en Rol!hbuhr, L. en Todt, F. H"ctrochemische SouerotoHrn~>:awgen. 

w~l1:;:r de Gt•t:tyter, Berlijn ( I$>5S). 

Miller, R. L. , frcdricl<"m, A. G., Brown, A.!!. c!"l ")\v.¢hiya, H. M. , 

l $I. EC: Proc"" o.,;~n and Development, l ( 191'>4) 134. 

10. Bet onderzoek naar de mogelijkheden van niet-conventionele pro
duktie van voedsel voor mens en dier dient krachtig ondersteund te worden. 
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De derde fWlctie van de T .lL in de gemeensohap 

11. De taak van de Technische Hogeschool is niet volbracht met het 
uitreiken van de ingenieursdiploma 'a. Zij moet de ingenieur op effectieve wijze 
steun~n in zijn pogingen op breder terrein nleuwe ontwikkelingen te blijven 
volgen. 
Een goede methode hiervoor wordt in NANCY reeds met succes toegepast. 

Ecol~ Na~QJ>ale Sup<'!ricure d~s Industries Chimiq;uej, Unlversit6 de NANCY 
{ As~iation des on~ie»s ~l~ves de 1' I. N. C, e.t de l' E. N. S.l. C,}, 
"Semaines de l>BrfcCtiOW;J.ement,.. 

Eindhoven, 13 juni 1967 W. P.M. van Swaaij 


