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OSUMMARY 

Ethylene is the most important basic chemica} for the petrochemical industry. lts world 
production exceeds 50 million tonnes per year. Nowadays, ethylene is mainly produced 
by thermal eradring of distillation fractions of crude oil or natural gas. The chemical 
conversion of natural gas into easily transportable (liquid) fuels or into a basic chemical 
for the chemical industry is becoming more and more interesting. One reason for this, 
is the relatively increasing scarcity of oil in contrast to large reserves of natural gas, 
which are mostly found in locations where local consumption as a fuel is not possible. 

The direct conversion of natural gas into ethylene by partial oxidation is, in this 
respect, a promising process. The process is also called the oxidative coupling of 
methane, because for every molecule of ethylene that is formed, two methane fragments 
have to be coupled. The remaining hydrogen is oxidised into water. 

The study presented bere is aimed at the development of such a new, catalytic 
process, in which selectivity is a main item of attention. The work bas been focused on 
kinetics and the development of reaction models, which formed the basis of an optimal 
choice of the reactor and of the reaction conditions. Furthermore, a process design and 
economie evaluation study has been performed. 

The experimental work has been carried out mainly in micro reactors made of quartz. 
In order to be able to workunder a wide range of conditions (atmospheric, at elevated 
pressure, and at recirculating product gas) and with several types of reactors (fixed bed, 
fluidised bed and bubble column), five fully automated set-ups have been built and 
equipped with on-line analysis apparatus. 

Preliminary experiments with several catalysts have shown that Li/MgO in a frxed 
· bed reactor has the best performance. A maximum C:z ( ethane + ethylene) yield of 
about 20% at a C:z selectivity of about 70% is obtained at a methanejoxygen ratio of 
5, a temperature of soo·c, and at atmospheric pressure. 

Kinetic investigations have sbown that the reaction can be described by a 
complicated system of heterogeneons (catalytic) and homogeneaus (gas phase) reaction 
steps, which appear to occur partly consecutively and partly in parallel. In agreement 
with thermodynamical calculations, the desired hydrocarbons appear to be "unstable 
intermediates" tbat can be burnt into CO or 002 or (at long heat treatments) pyrolyse 
into carbon and hydrogen. 

In order to understand the importance of homogeneons gas pbase reactions, the 
reaction was investigated in the absence of a catalyst. The experimental results 
appeared to be in good agreement with areaction model, wbich had been developed. 
This model was based on a network of more than 150 elementary free radical reactions. 

Based on the çomplete work, a view of the U/MgO catalyst can be given: Methane 
reacts with oxygen adsorbed on the catalyst surface, resulting in free methyl radicals. 
This is the rate determining step. Next, the methyl radicals couple in the gas phase to 
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form ethane. Ethane reacts rapidly to ethylene. This reaction is accelerated by the 
presence of oxygen and of the catalyst. Ethylene is oxidised further into CO. This 
carbon monoxide is, in turn, oxidised into carbon dioxide, mainly by the catalyst. If the 
less important reactions are neglected, the reaction path is: 

CH4 -- > CH3 • -- > ~H6 --- > ~H4 --- > CO --- > C02 

The kinetic investigations have resulted insome practical consequences: (1) a very 
high ethylene yield is hard to obtain, for the oxidation of ethylene is hard to suppress 
selectively; (2) the best results are achieved at a complete conversion of oxygen within 
the catalyst bed; (3) the empty space after the catalyst bed can be used as an "ethane 
cracker" running on the energy produced in the oxidative coupling reaction; (4) reaction 
at elevated pressure is attractive from an economical point of view, but results in 
considerable selectivity losses. 

The most suitable reactor for a process on a commercial scale is a fluidised bed 
reactor. The temperature of the strongly exothermic oxidation processcan be controlled 
well in this reactor type. The Li/MgO catalyst is not suited for such a reactor, because 
at reaction conditions it is covered with molten lithium carbonate. Therefore, new 
fluidised bed catalysts have been developed. The best results have been obtained with . 
a mixture of oxides (Sm, Na, Ca, and Al), which bas, in contrast to Li/MgO, good free 
flow properties and approaches the catalytic performance of Li/MgO rather well. 
Furthermore, some pioneering research bas been done concerning molten lithium 
carbonate to which magnesium oxide particles were added and through which reaction 
gas was led. The results justify more attention for such a bubble column reactor, of 
which, similar to a fluidised bed reactor, the temperature can be controlled well. 

The process design and economie evaluation study bas shown that the process is 
technically feasible and that it will become economically competitive with ethylene from 
naphtha when ~ yields of about 25% are achieved at selectivities exceeding 65%. This 
seems within reach by further developing the multi component catalysts of the type that 
bas been studied bere. 
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SAMENVATriNG 

Etheen is de belangrijkste basischemicalie voor de petrochemische industrie. De 
wereldproduktie bedraagt meer dan 50 miljoen ton per jaar. Etheen wordt tegenwoordig 
voornamelijk geproduceerd door het thermisch kraken van destillatie-fracties van ruwe 
olie of aardgas. De chemische omzetting van aardgas tot een gemakkelijk te 
transporteren (vloeibare) brandstof of tot een basischemicalie voor de chemische 
industrie wordt in toenemende mate interessant. Drijfveer is de relatief toenemende 
schaarste van aardolie tegenover grote voorraden aardgas, veelal gesitueerd op plaatsen 
waar lokale consumptie als brandstof niet mogelijk is. 

De directe konversie van aardgas tot etheen door partiële oxydatie is in dit verband 
een veelbelovend proces. Het proces wordt ook wel "oxydatieve koppeling van methaan" 
genoemd, omdat voor elk molekuul etheen dat wordt gevormd twee methaan
fragmenten gekoppeld moeten worden, waarbij het resterende waterstof wordt 
geoxydeerd tot water. 

De onderhavige studie is gericht op de ontwikkeling van een dergelijk nieuw, 
katalytisch proces, waarbij selektiviteit een kernpunt is. Het accent is daarbij gevallen 
op kinetisch onderzoek en de ontwikkeling van reaktiemodellen, op basis waarvan een 
optimale keuze van de reaktor en van de reaktiecondities mogelijk is. Daarnaast zijn 
een procesontwerpstudie en een economische evaluatie uitgevoerd. 

Het experimentele werk is voornamelijk uitgevoerd in micro-reaktoren gemaakt van 
kwartsglas. Om te kunnen werken onder verschillende omstandigheden (atmosferisch, 
bij verhoogde druk en met recirculatie van produktgas) en m~.::t verschillende· typen 
reaktoren (vast-bed, wervelbed en bellenkolom), zijn een vijftal volautomatisch 
werkende opstellingen gebouwd, voorzien van on-line analyseapparatuur. 

Oriënterend onderzoek met verschillende katalysatoren heeft laten zien dat Li/MgO 
in een vast-bed-reaktor de· beste prestaties levert met een maximale ~-opbrengst 
(ethaan + etheen) van ca. 20% bij een c;-selektiviteit van ca. 70%. Deze resultaten zijn 
behaald bij een methaan/zuurstofverhouding van 5, een temperatuur van soo·c en bij 
atmosferische druk. 

Het kinetisch onderzoek heeft laten zien dat de reaktie beschreven kan worden als 
een complex stelsel van heterogene (katalytische) en homogene (gasfase·) reakties, die 
deels in serie en deels parallel blijken te verlopen. Overeenkomstig thermodynamische 
berekeningen blijken de gewenste koolwaterstoffen "instabiele intermediairen" te zijn, 

· die kunnen doorverbranden tot CO en C03 of (bij langdurige verhitting) pyrolyseren 
tot koolstof en waterstof. 

Om inzicht te verkrijgen in het belang van homogene gasfasereakties werd de reaktie 
in afwezigheid van een katalysator ondelZOCht. De experimentele resultaten bleken in 
goede overeenstemming te zijn met een hiervoor ontwikkeld reaktiemodel, gebaseerd 



8 Ethylene synthesis by direct pattial witlation of methane 

op een netwerk van meer dan 150 elementaire reakties van vrije radikalen. 
Uit het totaal aan resultaten komt voor de LijMgO-katalysator het volgende beeld 

naar voren: Methaan reageert met op de katalysator geadsorbeerde zuurstof, waardoor 
vrije methylradikalen ontstaan. Dit is de snelheidsbepalende reaktiestap. De 
methylradikalen koppelen vervolgens in de gasfase tot ethaan. Ethaan reageert snel tot 
etheen. De aanwezigheid van zuurstof en van de katalysator werken hierbij versnellend. 
Etheen wordt verder geoxydeerd tot CO. Deze koolmonoxyde wordt op zijn beurt 
geoxydeerd tot kooldioxyde, voornamelijk door de katalysator. Met verwaarlozing van 
minder belangrijke reakties luidt het reaktiepad aldus: 

CH4 --> CH3• --> c;~ -> c;H4 --> CO--> C02 
Uit het kinetisch onderzoek zijn een aantal praktisch consequenties naar voren 

gekomen: (1) het is moeilijk een heel hoge etheenopbrengst te realiseren aangezien de 
oxydatie van etheen moeilijk selektief te onderdrukken is; (2) de beste resultaten 
worden bereikt wanneer de zuurstof volledig wordt gekonsumeerd in het katalysatorbed; 
(3) de lege ruimte achter het katalysatorbed kan worden gebruikt als "ethaankraker", 
welke de reaktiewarmte benut die bij de oxydatieve koppeling van methaan 
geproduceerd wordt; (4) reaktie onder verhoogde druk is economisch gezien. 
aantrekkelijk, maar levert een aanzienlijk selektiviteitsverlies op. 

De meest geschikte reaktor voor een proces op grote schaal is een wervelbedreaktor. 
De temperatuur van het sterk exotherme oxydatieproces kan hierin goed worden 
beheerst. De Li/MgO katalysator is voor een dergelijke reaktor niet geschikt, aangezien 
deze bij de reaktietemperatuur bedekt is met gesmolten lithiumcarbonaat. Daarom zijn 
nieuwe wervelbedkatalysatoren ontwikkeld. De beste resultaten zijn behaald met een 
oxyde-mengsel (Sm, Na, Ca en Al) dat; in tegenstelling tot Li/MgO, een uitstekend 
fluïdisatiegedrag vertoont en dat qua katalytische prestaties Li/MgO redelijk benadert. 
Voorts is enig verkennend werk gedaan aan gesmolten lithiumcarbonaat waaraan 
magnesiumoxyde-deeltjes werden toegevoegd en waardoorheen reaktiegas werd geleid. 
De resultaten rechtvaardigen meer aandacht voor een dergelijk type bellenkolom
reaktor, waarvan de temperatuur, evenals bij een wervelbedreaktor, goed te beheersen 
is. 

De procesontwerpstudie en de economische evaluatie hebben laten zien dat het 
proces technisch uitvoerbaar is en dat het economisch concurrerend wordt met etheen 
uit nafta wanneer c;-opbrengsten van ca. 25% worden. bereikt bij selektiviteiten boven 
de 65%. Dit lijkt binnen bereik door verdere. ontwikkeling van tnultico,mponent-
katalysatoren van het type dat hier ·is bestudeerd · 
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Introduetion 

1 INTRODUCTION 

1.1 GENERAL INTRODUCI'ION 

In 1970 the world was tumed upside down 

§ 
1-

by the report of the Oub of Rome (Ref. 1). 
Mankind suddenly became aware of the 
finiteness of natural resources. In the years 
after, the need for recycling of products, 
alternative energy sourees etc. got a lot of 5 

~ 6000 

1-
attention. However, in general the ~ 

consumptions have not been diminished. m 
For example. since 1970 the world energy b 
consumption bas grown steadily, see Figure 0 

4000 

11 

COAL 

OIL 

1.1 (Ref. 2). The non-material destructive [; 2ooo 
sources. like hydro-electric, wind and solar §w L--------
energy, still have only a minor contribution NA TURAL GAS 

to the total consumption and this is not 
expected to change within the near future. 

0 
70 74 78 82 

TIME (y) 

86 

Regarding to tbe hydrocarbons it cao be 
said that by far the main part is used as a 
souree of energy, and one cao argue about 
the usefulness of spending them in tbat way 
instead of tuming them into valuable 

Flgure 1.1: Cumulative world primary energy 
consumption from 1970-1986 in million tonnes oil 
equivalent. 

chemicals, for wbicb no alternative sourees exist. The production rates of tbe various 
kinds of energy are not proportional to their respective reserves. This will result in a 
relative scarcity of oil in the future, see Table 1.1 (Refs 3,4). Coal will survive longest. 

Table 1.1: 
Proven world reserves and consumption for oil, gas, and coa1 in 1988 (Refs. 3,4). 

1988 Oil Natoral Gas Coat 

(Uf tons) (Uf ton oil equivalent) (Uf ton oil equivalent) 

Reserves' (R) 134.5 10Q.6 536 
Production (P) 3 1.7 2.51' 
R/P (years) 45 57 214' 

*: Estimated 
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The scarcity of oil will result in relatively high oil prices which probably will lead to a 
shift from oil to other feed-stocks, like natural gas, for the chemical industry. 
Furthermore, the large amounts of natural gas flared at oil winning and the stricter 
environmentallegislation demand for a process to convert this gas into useful products. 

Large-scale use of natural gas often requires a sophisticated and extensive pipeline 
system. I.iquefaction bas been employed as a means of transporting, but processes for 
liquefying, transporting, and evaporizing natural gas are complex, energy-intensive, and 
require extensive safety precautions. The transport of natural gas bas been a continuing 
problem in the exploitation of natural gas resources. It would be extremely valuable to 
be able to convert natural gas into more easily transportable or more valuable products. 

Despite of the low costs for natural gas it 
bas not been used extensively for the 
production of chemicals. Especially when 
the carbon efficiency of a conversion 
process would be high it is an interesting 
raw material. In the past a couple of 
processes have been developed from which 
a limited number bas been commercialized, 
see Figure 1.2. They are: Steam reforming 
to synthesis gas (a mixture of CO and H0, 
the electric are process, partial oxidation 
into acetylene, oxidative dehydrogenation 
into carbon black, and halogenation to 
chlorinated hydrocarbons (Ref. 5). Ste.am 
reforming can be foliowed by (a) methanol 
synthesis (over 70 % of the world methanol 

a...ECTRIC ARC 

PARTlAL 
OXIOATION 

production is made in this way), by (b) the Figure l.l: Commercialized chemical processes 

Haber process to produce ammonia ( only based on natural gas. 

the hydrogen from the natur.:û gas is used in 
this case) and by (c) a Fischer-Tropsch process like the SMDS process (Shell, Malaysia 
(Ref. 6)), to produce hydrocarbons. Halogenation willend up with chlorinated methane 
and carbon black is used in the synthetic rubber industry. As bas been said, all those 
processes together only consume a small percentage of the natural gas produced today. 

At present the most important chemical, in terms of quantity, for the petro-chemical 
industry is ethylene. lts world production will exceed 57,000,000,000 kg in 1990 and its 
average yearly growtb is estimated to. be 2.9 % for the next 15 years, see Figure 1.3. 
Figure 1.4 shows that over half of the total ethylene production is used to produce 
polyethylene and the rest is almost completely eithe:é directly or indirectly converted 
into other plastics (Ref. 7). So, it would be extremely valuable for the chemical industry 
to be able to convert natural gas into olefines sucb. as ethylene and propylene; 

Alternative ethylene sourees a:ée depicted in Figure ·1.s. The present commercial 
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and propylene (in million metric tons a year) as a 
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Figure 1.4: Products from ethylene in percentage 
shares. Data from 1989. 

processes concern cracking of distillation 
fractions of crude oil or natural gas. Other 
processes are not commercial in a sense 
that they are applied only when other than 
just economical reasons play an important 
role. 

Natural gas consists of various 
components, methane being the major one. 
It can be converted into ethylene by direct 
partial oxidation. The desired reaction in 
this process is: 

Two carbon atoms are coupled in this 
process, therefore it is also called the 
oxidative coupling of methane. A catalyst is 
very beneficia! in this process; it is used (I) 
to increase the reaction rates to allow a 
lower reaction temperature and (11) to 
decrease the formation of the by-products 
carbon oxides, which have a low commercial 
value and are costly in consuming 
"expensive" oxygen and methane. 

Last but not least it bas to be noticed 
bere that the oxidative coupling process can 
be followed by a consecutive oligomerisa
tion step, which opens an enormous market 

The fuel formed can be used as an excellent, first class energy carrier. 
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1.2 EIGHT YEARS OF OXIDATIVE COUPLING OF METliANE RESEARCH. 
A LITERATURE REVIEW. 

Histor:y 
It all started in 1982 by an artiele of G.E. Keiler and M.M. Bbasin (Union Carbide 
Corporation, West Virginia, USA) publisbed in J. of Catal. (Ref. 8), in whicb they 
presented a way of producing higher bydrocarbons from methane by partial oxidation. 
They tested a large number of catalyst systems (the best performing were: Bi, Sb, Sn, 
Pb, Ta, Mn and Cd supported on alumina) at atmospheric pressure and temperatures 
óf soo· -1ooo•c in a cyclic mode of operation: tbe catalyst was frrst oxidized witb 
oxygen before pure methane was fed to the reactor. This was repeated in a continuous 
cyele. 

Although the ~ selectivities were poor 
and a stainless steel reactor was used which 
itself was catalytically active, see also Figure 
2.3 of this thesis, this artiele had an 
enormous impact on world wide 
"hydrocarbon" research activities. Since 
1982, the number of papers publisbed about 
the oxidative coupling of methane bas 
grown explosively, see Figure 1.6 (Ref. 9). 
This reflects the enormous potendal of a 
metbane oxidative coupling process and the 
giant amounts of money that will be 
involved. 

In Europe, a group of the Ruhr
Universität Bochum BRD (Prof. M. Baerns, 
Lehrstuhl für Technische Chemie) was 
among the first to discern above mentioned 
potential. Instead of using a cyclic mode of 
operadon as Keiler and Bhasin did, they fed 
methane and oxygen simultaneously to the 

(J) 
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0 

"--
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ó z 
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Yagure . Ui: Number of patents and articles 
concermng oxidative . coupling of methane 
publisbed in the open üterature (Ref. 9). 

oxidative coupling reactor (Refs. 10,11). Their best catalyst in those days (1983) was 
lead oxide. lts disadvantage was that the lead evaporized from the reactor and in tbis 
way the catalytic activity was lost, see also Ref. 12. Furthermore, the lead oxide was 
carried by 1-alumina which had acidic sites that were assumed to attribute to the total 
combustion reactions. They could be neutralized by adding potassium or sodium (Ref. 
13). 

At Eindhoven University of Technology, under the supervision of Prof. K. van der 
Wiele, tbe·oxidative couplill.g of"inethane.research was started in 1984. Before a large 
project on this topic was set up, itSworth was verified by carryfng out a preliminary 
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process design study. It showed that the oxidative coupling of methane process was very 
promising and the results of this study were publisbed in 1986 (Ref. 14). 

In the same year an EC subsidised research program, see the acknowledgement, was 
started in which Eindhoven cooperated with the groups of Prof. Ross (Twente 
University, The Netherlands) and Dr. Hodnett (Limerick University, Ireland). The 
research was divided as follows: in Ireland the conversion of methane into methanol by 
direct parrial oxidation was investigated with the accent on catalyst design. At tbe two 
other institutes the research topic was the conversion of methane into ethylene. The 
group of Prof. Ross focused on catalyst development and our group on reactor and 
process desigti. Kinetics and mechanism formed the overlap between those two groups. 

Cata)ysts 
All the catalyst systems described in the literature can roughly be divided into three 

groups: reducible metal oxides, irreducible metal oxides and rare earth metal oxides. 
The catalyst systems that beloog to the reducible metal oxides were actually already 

reported two years before the appearance of the artiele of Keller and Bhasin by 
Mitchell and Wagborne (Exxon Research & Engineering Co., USA) (Refs. 15, 16). They 
reported Pt on carriers like MgAlp3 or BaAlp3 as catalyst systems for methane 
conversion to c;+ hydrocarbons at 600 to 7oo·c. Ac;+ yield of 25.4% (c;+ selectivity 
=57%) was claimed of which the largest part consistsof C6~ (32%). Related to this 
work was the research by Fang et al. (Ref. 17). They investigated the catalytic methane 
pyrolysis reaction and found ThOJSi02 as an active and selective catalyst for methane 
conversion to c;+ (c;+ yield = 3.15%). They claimed that most of the ethane was 
produced by coupling of methyl radicals in the gas phase. 

Workers at Atlantic Richfield Company (ARCO, USA) have carried out experiments, 
analogous to those of Keiler and Bhasin. It resulted in several patents (Ref. 18) 
claiming catalysts suitable for methane conversion to c;+ hydrocarbons in the cyclic 
mode of operation. These catalyst include supported oxides of Mn, In, Sb, Sn, Bi, Pb 
(Ref. 19). The best catalyst system found was 5%Na4P20 7/15%Mn/Si02 with which c;+ 
yields of 20% are possible (c;+ selectivity = 70%) (Ref. 20). 

The second group of catalysts oomprises alkali - alkaline earth metal oxides which are 
almost irreducible under normal catalytic reaction conditions. Fox et al. (Ref. 21) 
reported good results with Na/CaO, but they only carried out cyclie mode of operadon 
experiments. They attribute the working of this catalyst system to the super basicity of 
alkali - alkaline earth combinations. Ito et al. (Ref. 22) reported excellent eoupling 
results (c;+ yield = 19%) with Li doped MgO. Ito claimed u+o· eentres as the 
reactive eentres for methane activation. These eentres are stabilized in the MgO matrix 
because u+ ions fit exactly at the lattice site normally occupied by Mg2+. Analogous 
combinations appear also to be active .and seleetive for methane conversion e.g. 
Na/CaO, K/BaO (Refs. 22,23). Korf (Ref. 24) demonstrated the beneficial effect of Sn 
addition to Li/MgO in increasing the catalytic activity. 
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The third group of catalysts comprises the rare earth roetal oxides first reported by 
Otsuka et al. (Ref. 25). Sm20 3 and Dyp3 appeared to be the most promising systems 
for methane conversion to ethane and ethylene (Cz+ yield = 12.4%, Cz+ selectivity = 
41.2% ). Otsuka discovered further that doping of these catalysts with alkali carbonates 
resulted in even better coupling performances (Ref. 26) (Cz+ yield = 22.3%, Cz+ 
selectivity = 54.1%). Doping with LiO improved the ethylene yield significantly. This 
is due to the interaction of chlorine radicals which are very effective in methane 
activation (Ref. 27). The highest Cz+ yield (30.6% at a Cz+ selectivity of 64.7% and a 
CzH4/CzH6 ratio > 11!) reported was achieved with LiCl/Mn-oxide (Ref 28). However, 
this catalyst rapidly deactivated due to the loss of chlorine. Furthermore, this yield was 
achieved at very diluted circumstances. Without dilution of the gas phase with helium 
the <;+ yield dropped to 15.7% (Cz+ selectivity = 48.9%) (Ref. 29). Table 1.2 
summarizes the important catalyst systems reported for oxidative coupling of methane 
in the cofeed mode of operation (Refs. 10,23,25/26,28,30,31,32,33,34,46). Most of the 
catalysts maintain their reported optimal yields for only a limited time and deactivate 
rather rapidly. 

Of the reported catalyst systems Li doped MgO belongs to one of the best with high . 
Cz+ selectivity (>65%) at high Cz+ yields. In 1986 when this investigation was started 
it was certainly the best choice for forther study and optimisation. 

Table l.l: 
Re1mlts of various catalyst systems used for oxidative çoupling of methane in tofeed mode of operation. 

Catalyst system C;a. Yield c~. Set P-/P"" Temp. Year Ref. 
(%) (%) (K) 

Pb0/Aia03 5.6 56 0.33 1023 1983 10 
15%Mn5%Na..P~07/Si02 14.5 66 0.40 1173 1987 34 
12.5% NaMnO./MgO 15.7 70 0.40 1198 1987 34 
3%Li/Mg0 18.4 50 0.57 993 1986 31 
7%Li/Mg0 15 65 0.40 1073 1990 46 
10%Li/Ca0 25.7 55 0.96 1073 1990 33 
Na/MgO 22.4 57 0.96 1073 1988 30 
K/BaO 20.2 42 0.96 1073 1986 23 
Sm20 3 12.4 41 0.93 1023 1985 25 
LiCl/Smp3 19.9 69 0.93 1023 1986 26 
Li2COa/Sm20 3 22.3 54 0.93 1023 1986 26 
LiCl/Mn-o:xide 30.6 65 0.93 1023 1986 28 
12.5% Li/ZnO 20.6 60 0 1033 1988 32 

Actiye site 
Concerning the nature of the active site for methane activadon in oxidative coupling 
catalysts and of the reagents still contradictions need to be solved. 

Hinsen et al. (Ref. 13) proposed that methanewould react with PbO (= active site) 
under the formation of a CH3 and a H species both bounded to the surface. The CH3 - s 
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would react to carbon oxides or to ethane. In genera!, for the reducible metal oxide 
catalysts a Mars - Van Krevelen kind of reaction mechanism is believed applicable 
(Refs. 34, 35). Methane is activated by the lattice oxygen which is removed from the 
lattice as water. This site is filled again with gas phase oxygen: 

2CH4 + 2M<2n>+on ----> 2CH3(a) + 2M<2
n-

2>+on-t + 20H(a) 
2M<2n-2>+o 1 + 0 2 -----> 2M(2n>+o 

• n 

Most investigations concerning the second group of catalysts consider the Li/MgO 
catalyst which will be discussed in detail. Ito et al. (Ref. 22) proposed Li+o-centres as 
the reactive species for methane activation. These eentres are created in the presence 
of gas phase oxygen at high temperatures via migration of Li+ into the MgO lattice. The 
Li+ ions replace the Mi+ cations or vacancies. In order to rnaintaio charge neutrality 
the substitutional Li+ ions capture holes ( = •) provided by the dissociation of di-oxygen 
through the following process: 

The Li + o- sites react with CH4 re leasing methyl radicals into the gas phase: 

The reoxidation of the active site is believed to proceed via the following scheme: 

2Li+oH- -> Li+o2- + Li+• + H20 
Li+if + lh02 + Li+• ---> 2Li+o· 

In contradiction with Ito, Roos et al. (Ref. 36) suggested on basis of kinetic 
investigations that a weakly bond di-atomie oxygen species was responsible for methane 
activadon over Li/MgO. The active sites are created on the surface of Li/MgO by 
gradual loss of 002 from lithium carbonate species in the presence of oxygen. This 
reaction mechanism will be discussed in detail in Chapter 5. 

For the third group of catalysts, the rare earth metal oxides, Otsuka (Ref. 37) 
suggested a di-atomie oxygen species as the active oxygen species based on kinetic 
investigations. Lin et al. detected Oi ions as the dominant species on the catalyst 
surface of ~03• Together with these species they detected a lot of methyl radicals in 
the gas phase. On the other hand Lee and Oyama (Ref. 38) speculaled that the o· 
species could be the active oxygen species. It can not be detected by EPR spectroscopy, 
because the remaining form is the dimer. Oi species. 
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Reaction scbeme 
Most of tbe schemes publisbed in the 
literature agree on tbe occurrence of methyl 
radicals. They play tbe key role in tbe 
formation of ~+ hydrocarbons and total 
oxidation products. The important reaction 
steps of the methane coupling process can 
be summarized by the scheme shown in 
Figure 1.7. Depending on the catalyst 
system and the process conditions the direct 
oxidation of methane to COx products may 
be insignificant or quite important. Over 
U/MgO this reaction plays a minor role. 

/CH, 
1 +0 co 

+0 l 

Main product is ethane whicb is Figure 1.7: Reaction scheme for the oxidative 

dehydrogenated to ethylene. Ethylene is coupling of methane. 

subject to further oxidation, inevitably 
leading to COx as a produel Much discussion takes place concerning the role of . 
homogeneaus (gas phase) and heterogeneaus (catalytic) reactions in the reaction 
mechanism. But, the relative importance of surface and gas pbase reactions bas received 
only little attention in literature although more attention is needed. Labinger et al. (Ref. 
39) reported the predominanee of gas pbase reactions to form hydrocarbons over 
NaMn04/MgO at temperatures above soo•c. Generally, it bas become accepted that 
above soo·c gas phase reactions are dominating. However, based on tbe striking 
resemblance between product selectivity patterns reported in the presence of a catalyst 
and those obtained in an empty tube a common type of branched chain propagation can 
be responsible for the overall product selectivity in the system despite the difference in 
initiation reactions (Refs. 19, 40). We have sbown that the product selectivity over 
U/MgO can be simulated by adapting tbe initiation reaction in a kinetic model 
descrihing the homogeneaus gas phase oxidative coupling. The role of the catalyst may 
tbus be restricted to that of a methyl radical producer increasing the methyl radical 
concentradon in the gas phase (Ref. 41, Cbapter 6). 

The simultaneous occurrence of homogeneaus and catalytic reactions seriously 
complicates the study of the methane meidation process in tbe presence of a catalyst. 
An impression of the importance of homogeneaus reactions can be obtained from 
catalytic experiments at strongly reduced pressures which favour the catalytic reactions 
over the gas phase reactions. This bas been elegantly demonstrated by Van Kasteren 
et al. (Ref. 42). 
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K.inetics 
K.inetic investigations are complicated by the simultaneously occurring of 

heterogeneons and homogeneons reactions. A point of discussion is whether or oot 
methane is adsorbed. Labinger and Ott (Ref. 43) claimed a Rideal- type of mechanism 
wherein methyl radicals are produced at the oxide surface and hydracarbon formation 
takes place in the gas phase. On the other hand, based on kinetic measurements Otsuka 
and Jinno (Ref. 37) claimed a Langmuir - Rinshelwood type of mechanism involving 
CH4 and 0 2 adsorption on different sites over Sm20 3 to be applicable. The methane 
adsorption on Smz03 was confirmed by Ekstrom and Lapszewics (Ref. 44) by isotopic 
pulse experiments. Roos et al. (Ref. 36) found a LangmuiT - Rinshelwood type of 
mechanism to be suitable also for Li/MgO at no•c. Iwamatsu and Aika (Ref. 45) 
could oot discriminate between a Rideal and a Langmuir-Hinshelwood type of 
mechanism for methane coupling over Na/MgO. They proposed the Rideal mechanism 
as more likely. Van Kasteren et al. (Ref. 46) described experiments concerning the 
occurrence of methane adsorption over Li/MgO, investigated by transient kinetic 
measurements. It is shown that methane adsorption on Li/MgO is not significant 
compared to oxygen adsorption. Based on this, a Rideal-like type of mechanism is 
preferred to describe the kinetics in our study. 

Reactors 
The oxidative coupling of methane is a highly exothermal process. For example, at a 
10% methane conversion with 70% Cz selectivity the adiabatic temperature rise exceeds 
300"C. Therefore, fixed beds are not to be preferred as the reactor type in a process 
at a commercial scale. Instead, a fluidised bed reactor is more suitable (Ref. 47). 
Edwards and Tyler (Ref. 48) suggested in 1986 that a conventional bubbling fluidised 
bed would oot be suitable because of considerable bypassing of gas in the bubbles 
where the undesirable gas phase reactions might occur. They thought that a fast 
fluidised bed reactor would be a better option. However, their (Ref. 49) and our (Ref. 
50, Chapter 5) experiments have proven that a conventional fluidised-bed can 
excellently be used. Such a reactor requires a catalyst with a good mechanical strength 
and a good fluidisability (good free flow properties). Catalysts like Li/MgO (Refs. 49, 
51) and Na/CaO (Ref. 52) are under reaction conditions only temporarily free flowing 
powders, due to the agglomeration of particles. We (Ref. 50) have discovered that 
prolonged fluidisation of the sodium/ calcium oxide catalyst can be achieved by regularly 
flushing the catalyst bed with inert gas in order to remove C02 and water. Furthermore, 
a new catalyst (Na/Ca/Sm/ Al-oxide) bas been developed with an excellent fluidisation 
behaviour without further treatments, see Chapter 5. 

Edwards et al. (Ref. 49) reported a sligbtly worse performance of a fluidised-bed in 
comparison to a ftxed bed reactor, but the conditions were not exactly identical. 
Follmer, however, bas carried out an extended study on PbO and Na/CaO catalysts and 
found that a fluidised bed gave higher· selectivities (Refs. 52,53,54 ). 
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Another type of reactor, a bubble column reactor with molten salts as a catalyst, bas 
still received little attention in the literature. We have shown (Ref. 55, Chapter 5) that 
liquid U 2C03 can he used and that its activity is promoted by addition of magnesium 
oxide. This also indicates that magnesia is essential in order to obtain high selectivities. 
Conway et al. (Ref. 56) have tried other salts or combination of salts in order to find 
a better catalyst for this reactor type, which is superior in terms of heat control. 

Processes 
We have carried out a process design and economie evaluation study for the 

production of ethylene from natural gas via oxidative coupling (Ref. 57, Chapter 7). 
This process was compared to the conventional process for ethylene production: 
naphtha cracking. Three different kind of reactors were compared: a multi-tubular, a 
multi-stage and a fluidised bed reactor of which the latter seems the most suitable one. 
Cracking of ethane to ethylene can be integrated in the oxidative coupling process (Ref 
57, Chapter 7): the post-catalytic space of the coupling reactor can act as an ethane 
cracker running on the energy produced in the coupling process (Ref. 58). The oxidative 
coupling of methane to ethylene appeared to he a profitable process when c;+ yields . 
of 25% at a c;+ selectivity level of 65% can he achieved with sufficiently stabie 
catalysts. 

In the study described above, ethylene was taken as the end product, whereas most 
of such studies include a conversion of ethylene into higher hydrocarbons (e.g. liquid 
fuels ). This enlarges the applicability of the process but at the same time it lowers the 
profitability, because ethylene is much more valuable per mole carbon than liquid fuel. 
An alternative to oligomerisation is a chlorination or oxychlorination step to produce 
dicloroethylene; an intermediate for vinyl chloride. This might ease the separation from 
unconverted methane (Ref. 59). 

Edwards and Tyler (Ref. 51) included an oligomerisation step in the process and 
concluded that the catalyst development should be aimed at 25-30% methane 
conversion levels at 75 - 80% <;+ hydracarbon selectivity. Kuo et al. (Refs. 60,61) 
compared, in terms of thermal and carbon efficiencies, the conventional indirect route 
of natural gas conversion into methanol via syothesis gas with the direct conversions 
into hydrocarbons and into methanol. The direct partial oxidation of natural gas into 
methanol was concluded to he the best process. We also evaluated the process 
economics for methanol synthesis (Refs. 62,63). It turned out that at least an overall 
methanol selectivity of 75% was required to compete the conventional indirect process. 
This required selectivity is far from the reported values in the literature. Concerning the 
oxidative coupling process Kuo et al. concluded that a methane conversion of 35% at 
88% <;+ selectivity is required to get an attractive liquid fuels producing process. Fox 
et al. (Ref. 64) have compared oxychlorination (see also Refs. 27,65), oxidative coupling 
and partial oxidation into methanol/formaldehyde. All three were foliowed by an 
oligomerisation step of which the end product was stabilized gasoline. In the order given 



Introduetion 21 

above the gasoline produced became more expensive. Regarding the oxidative coupling 
costs have to be sightly reduced to compete with the conventional natoral gas based 
gasoline producing processes like Methanol-To-Gasaline and Fischer-Tropsch. The 
company that probably bas spent most money and efforts in developing a methane 
coupling process is Atlantic Richfield Company ( = ARCO). Within seven years US $ 
30 million was spent on research and engineering and it resulted in a Gas-To-Gasaline 
( = GTG) process based on a redox catalyst. They claim that several large remote 
natoral gas reserves could be profitably exploited in a 20 dollar per barrel oil 
environment (Ref. 66). 

Sommarlzing it can be concluded that the oxidative coupling of methane is a very 
promising process with a high potential, but catalyst performance still needs to be 
improved especially with respect to its life time. Therefore forther research is necessary. 

1.3 AIMS AND OUTLINE OF THIS THESIS 

The objective of this thesis was to investigate the oxidative coupling of methane process 
in a cofeed mode of operation. The work bas been focused on the mechanism, kinetics, 
reactor and process design. New catalysts have been developed for specific reactor 
types. 
Chapter 2 gives a view of the various experimental set-ups that have been used. 
Chapter 3 deals with the thermodynamics of gases. 
Homogeneons gas phase reactions which are of utmost importance in this process, 
whether or not a catalyst is used, are treated in Chapter 4. A computer program 
developed to simulate those gas phase reactions wiJl be described in Secdon 43. A 
continuons stirred tank reactor, i.e. an external recycle reactor With a high recycle ratio, 
is used to show the influence of individual products on the product distribution. 
The development of fixed bed, fluidised bed and bubble column catalysts is described 
in Chapter 5. 
The reaction mechanism and the kinetics are revealed from experiments described in 
Chapter 6. Also the effect of process conditions and product influences will be 
evaluated. At the end of that chapter the model of Chapter 4 is used to demonstrate 
the working of the catalyst. 
In Chapter 7 a process design and economie evaluation study is presented, which shows 
that the process under consideration can compete conventional technologies when the 
catalyst lifetime is improved. 
Finally, Chapter 8 gives some concluding remarkson the ethylene synthesis from natoral 
gas by direct partial oxidation. 
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2 EXPERIMENTAL (Ref.l) 

2.1 SUMMARY 

Six reactor set-ups have been designed and constructed in order to support the oxidative 
coupling research reported in this thesis. These laboratory set-ups cover a wide range 
of experimental conditions applicable for oxidative methane coupling. All the equipment 
was located at Eindhoven University of Technology, Labaratory of Chemical Process 
Technology except for one set-up, used at Tokyo Institute of Technology in the group 
of Prof. Aika1

• 

In the next paragraph at first a general outline of a fixed-bed and related reactor 
equipment will be given. Then the various reactors will be described and finally two 
special versions: the recycle reactor and the elevated pressure reactor set-up. 

The laboratory reactors were made of quartz, because metals are catalytically áctive 
in the combustion of hydrocarbons. 

An elegant and fast analysis system bas been developed, especially suited for the 
methane oxidative coupling, in which a multi-column GC is used to detect and quantify 
the products formed. 

The catalyst preparadon methods are described in the last paragraph of this chapter. 

2.2 INTRODUCI'ION 

Several experiments described in this thesis have been carried out in continuons micro 
flow reactor set-ups. A general description of the set-ups will be given first. 

2.3 LABORATORY EQUIPMENT 

General outline of the set-yps used. 
This paragraph describes the continuons flow Iabaratory reactor systems with which 
integral and differential measurements were carried out with different reactor types. 
Each set-up consistsof a feed, reactor and analysis section as shown in Figure 2.1. The 
feed and analysis sections are almost the same for all the set-ups that were constructed. 

The standard operating procedure for catalytic experiments with the set-ups can be 
summarized as follows: 

1 Ken-iehi Aika, Research Laboratory of Resources Utilization, Tokyo lnstitute of 
Teclmology, Nagatsuta 4259, Midori-ku, Yokohama, Japan zn. 
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After heating up of the catalyst to the desired reaction temperature, typically 800 •c, 
under a flow of helium. a reaction gas was introduced. A flow rate was established 
with mass flow controllers (Hitec) (typically 50..1000 mi/min). The gases from gas 
botties that entered the system were methane (Hoeldoos 99.6%), oxygen (Hoekloos 
99.9%; impurity Ar) and helium (Hoeldoos >99.995%). Extra gasçs were added if 
required for specific tests. They were separately dried (with molecular sieve columns), 
mixed, and passed through a flame arrester before entering the reactor, where the 
reactions took place. The reactor was electrically heated by a fumace regulated at the 
reactor temperature. The product gas passed through a dust filter before it entered to 

the analysis section. The product gases were analyzed by gas chromatography, see 
paragraph 2.4. From the reactor to the injection valves all the equipment was 
electrically heated at 140"C in order to prevent condensation of reaction water. 

Fixed bed reactor. 
Figure 2.2 shows the quartz micro fiXed bed reactor that was generally used for 
operadon at 1 atm. It consisted of a quartz tube with a quartz porous filter plate to 
support the catalyst. Figure 2.3 explainswhy quartz was,cbQS~n asthereactor material. 
Very clearly this figure shows that steel is a very active catalyst. It especially catalyses 
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Figure 2.2: Quartz micro fJXed bed reactor. Sizes 
inmm. 

Figure 2.3: Influence of the reactor wall materiaL 
CH4/02=5, He/02=4, T=5 s, P101 =1 bar. 

the total combustion reactions (Not shown are the poor c;+ selectivities). Sintered 
alumina is a sufficiently inert material, but, it is not shaped as easy as quartz. For 
laboratory reactors it is therefore less suitable. However, this material bas been used 
by others (Refs. 2,3). 

The quartz shielding of the thermocouple is necessary, 
as experiments proved that even small metal surfaces are 
sufficient to get a catalytic ignition of a methane/oxygen/ 
helium mixture, which led to total combustion products. 
Moreover, it is clear that any catalytic activity at the 
thermocouple tip itself will give erroneous results. 

The micro reactor used in Tokyo had dimensions 
slightly differing from those in Figure 2.2: the inner 
diameter of the catalyst containing part was 0.006 m. 

Post-catalytic 5Pace exveriments. 
In the experiments described in Chapter 6, where the 
post-catalytic space was varied, the reactor shown in 
Figure 2.4 was used. An inserted quartz tube could be 
moved up and down to decrease or increase this space, 
without disturbing the operation of the reactor system. 

0 .. 
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g 
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Figure 2.4: Quartz reactor 
especially designed for the post
catalytic space experiments. Sizes 
inmm. 
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Bubble column reactor. 
A micro flow reactor system operated at atmospheric pressure, see Figure 2.1, was used 
as the bases of the set-up of this reactor. Moreover, the fixed bed reactor was replaced 
by a bubble column reactor also made of quartz. lt had an inner diameter of 0.016 m 
and a column length of 0.2 m. Methane, oxygen, helium and carbon dioxide were fed 
tothereactor through a central dip pipe (outer diameter 0.004 m) at feed rates of 19.5, 
4.4, 13.0, and 0.43 cm3 /min STP respectively. The methanefoxygen ratio was 4.4 and 
the dilution with helium ensured that the reaction heat produced did not influence the 
reactor temperature. The temperature was kept uniform over the whole length of the 
column by inserting it in an air fluidised sand bed which was electrically heated. 

Fixed bed reactors for ethane and ethylene oxidation experiments. 
The oxidation of ethylene is a very rapid reaction, compared to the oxidative coupling 
of methane. The reactors and furnaces in use for the methane oxidatiou gave not very 
satisfactory temperature proflies at the conditions applied for the oxidation of ethylene. 
Therefore, a new type of reactor was designed and a sand bed fluidised by air was 
constructed to serve as the heating medium of the reactor, see Fignre 2.5. 

/leed 
1n outlet tnlet 

jl 1 

Figure 2.5: The new designed reactor in combination with the fluidised sand bed. The right part of this 
flgllfe is an en1argement of a part of the rooiing jacket. 

The new reactor was inserted in the fluidised sand bed, which had an almost uniform 
temperature through the whole bed .. Both the inlet and the outlet of the reactor tube 
(inner diameter 0.002 m) were surrounded by a cooling jacket through which cold air 
was flowing (flow rate > 2000 cm3 /min). Thus, a very steep temperature increase was 
realized at the inlet, in order to avoid preiguition of the gas mixture, aD:d, even so 
important a very steep temperature drop at the outlet, in order to avoid post-catalytic 
reactions (see Chapter 6). The cooling air was flowing co-currently with the reaction gas 
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in order to prevent condensation of water at the reactor outlet As can be seen in 
Figure 2.6, the temperature gradient reached a maximum of 500 ·c;cm, while a very 
nice flat profile was achieved in tbe reaction zone over a lengtb of 20 cm. 
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Figure 2.6: Axial temperature profile measured 
inside the new designed reactor which was inserted 
in the fluidised sand bed fumace. 
At standard ~ oxidation eonditions. 
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Flpre 2.7: Axial temperature profties of a fluidised 
and a 6xed bed measured in the same reactor. 

In principa.J. this reactor set-up is simHar to the one sbown in Figure 2.1. Extra features 
are a flame ionization detector at tbe GC (Carlo Erba GC 6000 Vega), which is 
especially useful for the accurate detection of the bigher bydrocarbons. Furthermore, 
thereactor secdon was constructed in a special·way to be able to measure under both 
down-flow and up-flow condition5 (i.e. fixed bed and fluidised bed). The reactor, 
designed as a fluidised bed, was made from quartz and had an inner diameter of 0.02 
m. It was placed in an electrlcally heated fumace of a length of 0.30 m. The catalyst (2-
30 g) was supported by a quartz filter plate, which functioned as a gas distributor under 
up-flow conditions. The temperature was measured with a Cr I Al thermocouple placed 
inside a thin quartz tube in the centre of the catalyst bed. In Figure 2.7 axial 
temperature profiles of the reactor are shown as measured under up- and down-flow 
conditions. It is evident that the direction of the flow bas a striking effect. The fluidised 
bed had a uniform temperature throughout the entire bed. 
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CH, 0 2 He 

Figunl 2.8: Flow diagram of the elevated pressure set-up. 
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A micro ftxed bed reactor set-up bas been constructed to carry out experiments under 
elevated pressure. Essentially, this set-up is similar to those operatingat atmospheric 
pressure, but the increased pressure requires a number of extra facilities and extra 
instrumentation, see Figure 28. First of all, the conneetion between the quartz reactor 
and the metal tubes is not suited for reactor pressures exceeding 2 bar. Therefore, a 
dome bas been placed around the reactor and fumace. This dome had a separate 
pressure controller that kept the nitrogen pressure inside the dome 0.5 bar higher than 
the reactor pressure. In this way, even small leakages could immediately be detected 
by the appearance of a nitrogen peak at the chromatograms. Secondly, extended safety 
preeau ti ons and measures we re made to .ensure safe opera ti on· during the night. A 
quartz reactor was used simHar to the one of Figure 2.2 but with ~ inner diameter of 
0.007 m. 

Recycle reactor set-up. 
A recycle reactor set-up has been built. The set-up cao be divided into four main parts. 
The feed section, in which the feed gases were mixed and their flows were measured 
and controlled, the reactor section, in which the heart of the set-up, the recycle micro 
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fixed bed reactor, is situated, t.he gas selection section, in which the gas that flowed 
through the injection valves was selected, and the analysis section, which consists of 
the injection valves, wet gas meters, soap film meters and a GC with capillary columns. 
In the last section the composition of a gas was determined. The gas selection section 
was carefully constructed in a way that taking a sample did not disturb any gas flow. 
The feed and analysis sections are more or less similar to those shown in Figure 2.1. 

In this system the product gases were recycled over the reactor by a gas pump. The 
recycle flow rate was calculated from the pressure drop over an orifice plate in 
combination with the composition of the stream, which is equal to the product 
composition. By changing the recycle ratio (R = recycle flow/feed flow) from 0 to 30 
the reactor behaviour could be changed from plug flow to ideally mixed .. The 
diminished diameter bebind the catalyst bed of the reactor used, see Figure 2.2, is 
important because especially in the CSTR mode of operadon post-catalytic reactions 
have to be prevented. 

The gas samples we re automatically taken just before and after the reactor and we re 
automatically analyzed in turn. A number of securities have been built in, for safe and 
unguarded operation during the night. . 

2.4 PRODUCT ANALYSIS 

The product gases were analyzed by gas chromatography. In all set-ups except for tb~ 
recycle, the column packings were Porapak R (column length 3m) for the separation 
of CH4, C02, <;H4, <;H6, <;H2, C3H6, ~H8 and Hp and a 5-A molecular. sieve 
(column length 3m) for the separation of H2, N2 (when present), 0 2, CH4 andCO. The 
porapak was operated at 10•c and the molecular sieve at no·c. Both columns were 
connected toa Thermal Conductivity Detector (TCD) in a gaschromatograph (Carlo 
Erba 4300 or HP 5700A or HP 5840A) with helium as the carrier gas. The analysis was 
carried out automatically with the aid of two pneumatically cootrolled sampling valves. 
A complete product analysis, registered by integrators (Milton Roy, HP 3392A, HP 
5840A, Shimadzu), took about 25 .tnin. W\th t)lis metbod a carbon balance of at least 
98% was achieved. 

Theset-upin Tokyo had a ShiiJUtdzu GC and integrator. The columns used were a 
SA 11\0lecular sieve and a porapak Q (Ref. 4). 

As part of the recycle set-up a HP 5890 gaschromatograph was used, which was 
equipped with semi-capillary (wide bore, diameter 0.005 m) SA Molecular Sieve and 
Poraplot Q (Chrompack) columns. This resulted in.a very fast and accurate analysis of 
the product gas. Within 6 min. the gas was COQ1pletely analyzed (Figures 2.9 and 2.10). 

The selectivity, conversion and yield whenever they are used in this thesis are based 
on the number of carbon atoms. The yield is defined as the product of conversion and 
selectivity. 
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START 

Figure 2.9: Stylized chromatogram of a product 
sample injected on the Poraplot Q column. 
Retention time in min. 

2.5 CATALYST PREPARATION 

Introduetion 

3.34 ---------------CO 

5.00 STOP 

Flgure 2.10: Stylized chromatogram of a product . 
sample injected on the SA Molecular Sieve 
column. Retention time in min. 

A description of the various catalyst preparadon techniques will be given starting with 
the most frequently used catalyst in the work reported in this thesis: lithium doped 
magnesia. 

Lithium doped maifiesium oxide (Ref. 5) 
Li2C03 and MgO powders were slurried in water untill well mixed in order to obtain 
a catalyst with a good dispersion. The waterwas evaporated at so·c under continuous 
stirring with a mechanical mixer. The remaining paste was dried at 140"C for :U bours. 
After this, the catalyst was calcined at900"C.for 4 hours and then crushed and sieved 
to the desired partiele size (preferably 0.004 - 0.006 m). Unless otherwise stated à 7 
wt% Li/(Li + MgO) catalyst was· prepared;· · •· 

~ . . ' 

'Lithium doped calcium oxide (Ref. 6) 
· 1.25 g of lithium nitrate ànd 10 g' of calcium oxide were slurried in 275 ml of water for 
24 hours at room temperature ( = · 32"C), Next; the · main part of the water was 
evaporated in 2-3 hours at about so·c. The remrumng .paste was put in ~,synnge to 
produce "spaghetti" like catalyst particles that were dried in an air-conditioneçl room for 
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48 h. Forther drying occurred in an exsiccator for 12 b. Before use, the catalyst was 
emsbed and sieved to obtain particles witb a diameter in between 0.149 and 0.300 nun. 

The catalyst prepared in this way had a 11/Ca atomie ratio of 10. This ratio was 
claimed to give the highest yield witb respect to ~ products among the calcium oxide 
catalysts (Ref. 6). 

lmpretpWion 
This technique was used to prepare fluidised bed catalysts. The .active component was 
solved in concentrated nitric acid. The resulting solution was used to impregnate carrier 
materials like alumina and silica by so-called dry impregnation. Drying and calcination 
and somelimes emshing completed the preparation. Typical partiele sizes were fractions 
from 0.00063 to 0.00125 m and from 0.00125 to 0.00250 m. 

Co-precipitation 
The metal oxide and the dopants were solved in nitric acid to be sure of complete 
mixing. The evaporation, drying and calcination step are similar to those of tbe 
impregnation metbod. 
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3 TIIERMODYNAMICS 

3.1 INTRODUeTION 

Any study of chemical reactions should start with some thermodynamic calculations 
concerning chemical equilibria and hence predictions of the extent to which reactions 
can occur, or, in other words, the relative stability of the products of the process under 
consideration. Such equilibrium calculations can be carried out very accurately including 
the influences of temperature and pressure. However, whether possible reactions really 
occur on a reasonable time scale depends on the reaction kinetics. As these can be 
influenced by many factors, e.g. catalysts, selectivities can be more or less "controlled" 
within the thermodynamic constraints. These constraints are considered in this chapter; 
moreover, calculations of the heat of reaction (reaction enthalpy) are presented. 

3.2 GIBBS FREE ENERGY OF REACTION 

At first the standard Gibbs free energy of formation per mole of carbon is considered 
fora number of hydrocarbon species as a function of temperature, see Figure 3.1. 
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per mole 0 2 for reactions of methane with oxygen 
as a function of temperature. 
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Methane is a rather stabie molecule and it can only be pyrolysed and converted into 
higher hydrocarbons at high temperatnres. For example, the production of acetylene 
from metbane is only interesting at temperatures above 1600 K; an industrial example 
is the electtic are cracking process, operating at 1800 K (Ref. 1). Furthermore, the 
figure clearly shows that elementary carbon is thermodynamically tbe most stabie 
product at high temperatures, unless extremely high pressures are applied. 

Figure 3.1 refers to reactions in which only carbpn and hydrogen are involved. For 
methane oxidation reactions in which oxygen is in short supply, óne should look at the 
thermodynarnic "most favourite way" to couvert tb~ available oxygen. This is done by 
considering the Gibbs free energy of various reactions per mole of oxygen. Some results 
are presented in Figure 3.2. From this figure it can be seen tbat eleinentary carbon, 
carbon monoxide and carbon dioxide, are the thermodynarnically moststabie products. 
This means that, dependent on the OJC ratio, pressure etc., in the final equilibrium 
state one or more of tbose products will predominate. Methanol, formaldehyde and 
higher hydrocarbons, like ethylene and ethane, are possible intermediates. As stated 
earlier, kinetic control will be required to selectively produce such, relatively unstable 
intermediates. 

3.3 CHEMICAL EQUILIBRIUM CALCULATIONS (Ref. 2) 

The equilibrium composition resulting from the pyrolysis of pure metbane and from the 
pyrolysis in combination witb methane oxidation bas been calculated from publisbed 
thermodynamical data (Refs. 3 and 4). The formation of elementary carbon was 
assumed not to occur, which simplified the calculations. The results of the calculations 
in fact reflect "quasi equilibrium" conditions relevant for either a pyrolysis process in 
which complete thermal dehydrogenation is not significant or an "oxidative pyrolysis" 
in which elementary carbon, if formed, is very rapidly oxidised to CO or COz. 

The conversion and yields ( = tbe product of conversion and selectivity) of metbane 
pyrolysis are shown in Figure 3.3. The selectivities and yields have been defined on 
carbon basis. It is very clear tbat ethylene is tbe main hydracarbon product at high 
temperatures in the chemical equilibrium state. However, the methane conversion is 
limited. If methane pyrolysis is carried out at elevated pressure, see Figure 3.4, tbe 
conversion is even lower. When the pressure is decreased, the product composition 
shifts from alkanes to alkenes to alkynes, c;•s being the main products. ~ hydrocarbons 
are only present in small amounts. 

When oxygen is added, tbe methane conversion is much higher, due to the high 
Gibbs free reaction energy for reactions of oxygen with hydrocarbons. In. tbe equilibrium 
state the oxygen conversion is aÏways complete when hydrocarbons are in extess. A 
cumulative volume fraction diagram of equilibrium compositions (initial CH4/0~= 10) 
is plotted in Figure 35. At moderate temperatures the methane is converted into 
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hydrogen and carbon monoxide. At higher temperatures, however, the products include 
colt water and hydrocarbons, with poor yields of the latter. 

Gas phase experiments performed at varying residence time, Figure 3.6, show that 
kinetics govern the product distribution. The experiments were carried out in a quartz 
reactor of a micro flow reactor set-up, described elsewhere (Chapter 2, Ref. 5). Short 
contact times (right part of the graph) give high selectivities with respect to the desired 
CaH4 and CaH6> but at poor conversions, whereas long residence times (left part of the 
figure) favour the formation of carbon oxides and high conversion. The oxidation of CO 
to C02 in the gas phase (Ref. 6) is rather slow, which explains the very long residence 
times required to get carbon dioxide. Note that the points on the verdeal axis, 
representing the calculated chemical equilibrium state, are indeed also obtained by 
extrapolation of the experimental values. In agreement with the assumption that the 
formation of elementary carbon was negligible and that it cou1d be omitted in the 
calculations, no carbon deposits were detected when oxygen was applied in the reactor 
feed and when extremely long gas residence times were avoided. 

3.4 HEAT OF REACTION 

From Figure 3.2 the impression is aroused that most reactions of methane and oxygen 
are highly exothermic. This is confirmed by Table 3.1 (Ref. 4), where the reaction heat 
for a number of reactions is shown. The total cambustion produces the highest amount 
of energy, but also at the formation of higher hydrocarbons the energy produced is 
substantial. The selectivity effect on the produced reaction heat is not large, when 
oxygen is in short supply and the methanefoxygen ratio is fixed. Note that optimizing 
the ethylene selectivity also minimizes the reaction heat in case no hydragen is formed. 
The reaction heat of the oxidative coupling of methane is certainly an important factor 
for reactor design. 

Table3.1: 
Enthalpy change of several reaelions at 1100 K (Ref. 4). 

A)f'1100 (kJ/mol CH4) A,H0
1100 (kJ/mol OJ 

CH• + 0.25 02 ••• > 0.5 ~6 + 0.5 H20 
C~ + 0.50 0 2 ---> 0.5 CzH4 + 1.0 H20 
c~ + 1.50 0 2 --> co + 2.0 HaO 
CH. + 2.00 0 2 --- > C02 + 2.0 H20 

• 87 
-120 
-519 
-801 

-348 
-240 
-346 
-401 



'Thermodynamics 39 

3.5 CONCLUSIONS 

The most stabie carbon containing species, under conditions relevant for the oxidative 
coupling of methane, are: elementary carbon, carbon dioxide, carbon monoxide and 
methane. 

In the calculated chernical equilibrium state, ethylene is the main product of methane 
pyrolysis when the formation of elementary carbon is excluded. The ethylene yield 
however is lirnited, due to a lirnited methane conversion that even gets worse when the 
pressure is increased. Addition of oxygen leads to a much higher methane conversion, 
bowever at low ~+ selectivities. 

Extrapolation of the results of gas phase experiments to the condition of infinite 
residence time gives an excellent fit with valnes calculated for the equilibrium state. 

The oxidative coupling of methane is a highly exothermic process, even when a high 
c;. selectivity is obtained. This exotherrnicity will intensely affect reactor and process 
design. 
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4 HOMOGENEOUS GAS PHASE REACTIONS 

4.1 SUMMARY 

Oxidative coupling of methane is not restricted to catalytic reactions. In the 
homogeneons gas phase the conversion of methane takes place via free radical reactions 
and it can result in Cz selectivities of almost 100%. However, the Cz yield is poor then. 

The reaction temperature is a key-factor in determining the reaction rate, but it bas 
only minor influence on the selectivity, which is greatly dependent on the conversion 
level, in partienlar on the oxygen partial pressure. 

A computer model bas been developed to simulate and analyze networks of those 
radical reactions operative in the oxidative coupling of methane. A reaction model is 
given. 

Experiments carried out in a CSTR are used to demonstrate the effect of higher 
product concentradons on the product distribution and the reaction rate. 

4.2 INTRODUCfiON 

Introduetion 
Although no uniform opinion concerning the working of the catalyst can be found in 
the literature, a large group of researchers (Refs. 1,2,3,4,5) believe that the most 
important function of some catalysts is to produce radicals on their surface, as was 
reported by Lunsford and co-workers among others (Refs. 1,6,7,8,9). Those radicals are 
released in the gas phase and react in this phase with either other radicals or molecules 
in chain reactions. All those gas phase reactions determine at least partly the reaction 
rate and the selectivities. Therefore, it is of utmost importance to onderstand what 
exactly happens in that gas phase. To prevent interterenee of catalytic and gas phase 
reactions, which complicates the interpretation of observed phenomena, homogeneons 
gas phase reactions have been carried out separately. 

Results 
The experiment& described in this paragraph have been carried out in reactor set-ups 
described in Chapter 2. 

The influence of the reaction temperature on the oxidative coupling of methane in 
the homogeneons gas phase has been investigated, see Figure 4.1. Besides the products 
shown also water and hydragen are formed. An increase in temperature results in 
steeply increased methane and oxygen conversions and a shift in the product distribution 
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from C02 to carbon monoxide. At a relative high oxygen concentration (left part of the 
graph), co can evidently be converted into co2. Whereas, when the oxygen 
concentradon is low (right part of the graph) CO is formed almost exclusively. 
Furthermore, the ethylene selectivity shows a maximum at a steadily decreasing ethane 
selectivity. This can be explained by assuming that ethane is converted into ethylene at 
higher temperatures. However, at higher temperatures the oombustion of C:! products 
plays an increasingly important role, which finally results in a lower yield of higher 
hydrocarbons. 

The pronounced temperature influence on conversion and the long residence times 
required to obtain high conversions indicate a high activation energy of the reaction. 
The changes of the selectivities in Figure 4.1 however are not caused directly by the 
varying reactor temperature, but are an effect of conversion level mainly. Methane is 
present in large excess, so, the oxygen partial pressure is of paramount importance for 
the selectivities. In Figure 4.2 the oxygen conversion is kept constant at 72 % by 
adapting the residence time. It can be seen clearly that the temperature effect on 
selectivity is small. Not shown in the figure is the propane selectivity which varled from 
0.26 to 0.35 %. The two Figures 4.1 and 4.2 prove that a comparison of selectivities is . 
only valid at a similar conversion level. 
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Flgure 4.1: Temperature influence on tbe 
uncatalysed metbane oxidative coupling. 
Conditions: CH4/02 = 10, P,01 = 1 bar, P CH4 = 0.91 
bars, 1 =61 s. 
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Figure 4.2: Temperature effect of the 
bomogeneaus gas pbase methane oxidative 
ooupling at a constant oxygen conversion of 72%. 
Conditions: CH4/02=10, CH4/He=1.25, P101=1 
bar. 



Homogeneous gas phase reaelions 

A third experiment is plotted in Figure 
4.3 and proves that high <;+ selectivities 
can be obtained without use of a catalyst. 
The experiments were carried out in a 
quartz tube with an inner diameter of 0.009 
m. Ultra pure methane bas been used as a 
feed gas in order to avoid disturbance of 
the measurements by impurities like 
ethylene: small amounts of ethylene in the 
feed make the interpretation of the product 
analysis very tricky, especially at extremely 
low methane conversion. 

A low oxygen partial pressure and a low 
methane conversion level are very beneficial 
for the <;+ selectivity. The initial <;+ 
selectivity seems to approach 100 %. Note 
that it is possible to extrapolale the 
ethylene selectivity curve to zero and the 
ethane selectivity curve to 100%, as shown 
by the dasbed lines in Figure 4.3. This 
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Figure 4.3: Selectivity / conversion proftie for the 
uncatalysed oxidative coupling of methane. 
Conditions: CHi02=20, P..,.=l bar, T=SOO"C. 

clearly demonstrates that ethane is the primary product, and that it is rapidly 
dehydrogenated into ethylene. 

Conclusions 
Ethylene synthesis from methane by pardal oxidation can take place in the 
homogeneaus gas phase. No (catalyst) surface is required to activate the methane. The 
temperature is the key-factor that determines the reaction rate, but has only minor 
influence on the selectivity, which is greatly dependent on the conversion level, i.e. the 
oxygen partial pressure. A low methane conversion and a low oxygen partial pressure 
result in high Cz selectivities. The initial ~ selectivity approaches 100 %, indicating 
that ethylene is a secondary product that sterns from ethane. 

4.3 KINETIC MODELLING (Ref. 10) 

As is shown in Chapter 3 and in the previous paragraph, oxidative coupling of 
methane can occur in the homogeneaus gas phase. A computer program bas been 
developed to simulate and analyze those reactions. The program is based on a 
combination of a reaction and a reactor model. The latter is modelled as a one 
dimensional ideal plug flow reactor. The gas phase reactions take place according to a 
complex free radical mechanism which can be described by a set of elementary 
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Figure 4.4: Reaction scheme of carbon containing species of the homogeneous gas phase partial oxidation 
of methane. Downwants = H abstracti~ to the right = methyl radicàl addition, down t0 the left =~ 0 
addition to that specie. 
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Table 4.1: 
Set of elementary radical reactions as used in the model. (UIIits, see text) 
(Refs. 11-21) 

No. Reaction A b Eact 

1 CH4 > CH3 + H 3.700E+ 15 O.OOOE + 00 4.340E+02 
2 CH4 + 02 > CH3 + H02 4.000E+07 O.OOOE+OO 2.380E+02 
3 CH4 + H > CH3 + H2 2.200E-02 3.000E+OO 3.660E+Ol 
4 CH4 + 0 > CH3 + OH 1.200E+Ol 2.100E + 00 3.190E+Ol 
5 CH4 +OH >.CH3 + H20 6.000E+07 O.OOOE+OO 3.850E+Ol 
6 CH4 + H02 > CH3 + H202 1.800E+05 O.OOOE+OO 7.770E+Ol 
7 CH3 + H2 > CH4 + H 6.600E-04 3.000E+OO 3.240E+Ol 
8 CH3 + H > CH4 6.000E+10 ·l.OOE+OO O.OOOE+OO 
9 CH3 + OH > CH4 + 0 1.300E-Ol 2.100E + 00 1.960E+Ol 
10 CH3 + H02 > CH4 + 02 3.600E+06 O.OOOE + 00 O.OOOE+OO 
11 CH3 + H202 > CH4 + H02 l.lOOE + 06 O.OOOE+OO 1.670E+Ol 
12 CH3 + H20 > CH4 + OH 2.900E-01 2.100E+OO 7.030E+Ol 
13 CH3+02>CH30+0 2.000E+12 -1.57E+OO 1.220E+02 
14 CH3 + OH > CH30 + H 2.000E+l0 O.OOOE+OO 1.150E+02 
15 CH3 + H02 > CH30 + OH 7.943E+06 O.OOOE+OO O.OOOE+OO 
16 CH3 + CH3 > C2H6 1.500E+07 O.OOOE+OO O.OOOE+OO 
17 CH3 + CH4 > C2H6 + H 8.000E+07 O.OOOE+OO 1.672E+02 
18 CH3 + CH3 > C2H5 + H 8.000E+07 O.OOOE+OO 1.110E+02 
19 CH3 + CH3 > C2H4 + H2 l.OOOE+lO O.OOOE+OO 1.340E+02 
20 CH3 + CH2 > C2H4 + H 4.200E+07 O.OOOE+OO O.OOOE+OO 
21 CH30 + OH > CH3 + H02 l.OOOE+07 O.OOOE+OO O.OOOE+OO 
22 CH30+0>CH3+02 3.020E+08 O.OOOE+OO 3.100E + 00 
23 CH30 > CH20 + H 1.580E+14 O.OOOE + 00 1.150E+02 
24 CH30 + 02 > CH20 + H02 6.600E+04 O.OOOE + 00 1.090E+Ol 
25 CH20 + 02 > CHO + H02 2.000E+07 O.OOOE+OO 1.630E+02 
26 CH20 + H > CHO + H2 2.500E+07 O.OOOE +00 1.670E+Ol 
27 CH20 + 0 > CHO + OH 3.500E+07 O.OOOE+OO 1.470E+Ol 
28 CH20 + OH > CHO + H20 3.000E+07 O.OOOE+OO 5.000E + 00 
29 CH20 + H02 > CHO + H202 l.OOOE+06 O.OOOE+OO 3.350E+Ol 
30 CH20 + CH3 > CHO + CH4 S.SOOE-03 2.810E + 00 2.450E+Ol 
31 CH2+H>CH+H2 4.000E+07 O.OOOE+OO O.OOOE+OO 
32 CH2+02>CO+H+H 1.300E+07 O.OOOE+OO 6.300E+OO 
33 CH + 02 > CO + OH 2.000E+07 O.OOOE+OO O.OOOE + 00 
34 CH+O>CO+H 4.000E+07 O.OOOE+OO O.OOOE + 00 
35 CHO + H2 > CH20 + H 1.800E+OO 2.000E+OO 7.460E+Ol 
36 CHO + H02 > CH20 + 02 3.000E+08 O.OOOE + 00 1.260E+Ol 
37 CHO + H202 > CH20 + H02 l.OOOE+OS O.OOOE + 00 2.900E+Ol 
38 CHO + CH4 > CH20 + CH3 7.300E-03 2.850E+OO 9.420E+Ol 
39 CHO+M>CO+H+M 5.000E+15 ·2.14E+OO 8.550E+Ol 
40 CHO + 02 > CO + H02 3.600E+06 O.OOOE + 00 O.OOOE + 00 
41 CHO + CH3 > CO + CH4 1.200E+08 O.OOOE+OO O.OOOE+OO 
42 CO + H + M > CHO + M 6.300E+08 -1.82E+OO 1.540E+Ol 
43 C0+02>C02+0 2.500E+06 O.OOOE+OO 2.000E+02 
44 CO+O+M>C02+M 6.200E+02 O.OOOE+OO 1.260E+Ol 
45 CO + OH > C02 + H 3.036E+05 O.OOOE+OO 3.388E+OO 
46 CO + H02 > C02 + OH 1.500E+08 O.OOOE+OO 9.890E+Ol 
47 C02+H>CO+OH 1.500E+08 O.OOOE+OO 1.110E+02 
48 C2H6 > CH3 + CH3 3.200E+22 -1.79E+OO 3.810E+02 
49 C2H6 > C2H5 + H 5.000E+16 O.OOOE+OO 3.720E+02 
50 C2H6 + 02 > C2H5 + H02 4.000E+07 O.OOOE+OO 2.130E+02 
51 C2H6 + H > C2H5 + H2 5.500E-04 3.500E+OO 2.180E+Ol 
52 C2H6 + OH >. C2H5 + H20 8.800E+03 1.040E+OO 7.600E+OO 
S3 C2H6 + H02 > C2H5 + H202 2.900E+05 O.OOOE+OO 6.250E+Ol 
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No. Reaction A b Eact 

54 C2H6 + CH3 > C2H5 + CH4 S.SOOE-07 4.000E+OO 3.470E+01 
55 C2H6 + CH2 > C2HS + CH3 2.200E+07 O.OOOE+OO 3.630E+01 
56 C2HS + H > CH3 + CH3 3.000E+07 O.OOOE+OO O.OOOE+OO 
57 C2H5 + H02 > CH3 + CH20 + OH 2.400E+07 O.OOOE+OO O.OOOE+OO 
58 C2H5 + H2 > C2H6 + H 3.000E-06 3.600E+OO 3.540E+01 
59 C2HS + H > C2H6 3.600E+07 O.OOOE+OO O.OOOE+OO 
60 C2H5 + OH > C2H6 + 0 3.000E+05 O.OOOE+OO 2.500E+01 
61 C2H5 + H02 > C2H6 + 02 3.000E+05 O.OOOE+OO O.OOOE+OO 
62 C2H5 + H202 > C2H6 + H02 8.700E+03 O.OOOE+OO 4.100E+OO 
63 C2H5 + CH4 > C2H6 + CH3 8.600E-08 4.140E+OO 5.260E+01 
64 C2H5 + CH20 > C2H6 + CHO 5.500E-03 2.810E+OO 2.450E+01 
65 C2HS + CHO > C2H6 + CO 1.200E+08 O.OOOE+OO O.OOOE+OO 
66 C2HS > C2H4 + H 2.000E+13 O.OOOE+OO 1.660E+02 
67 C2H5 + 02 > C2H4 + H02 8.400E+05 O.OOOE+OO L620E+01 
68 C2H4 + H > C2HS 8.400E+02 1.490E+OO 4.100E+OO 
69 C2H4 + H02 > C2H5 + 02 1.320E+05 O.OOOE+OO 5.730E+01 
70 C2H4 + 02 > C2H3 + H02 3.000E+06 O.OOOE+OO 1.230E+02 
71 C2H4 + H > C2H3 + H2 1.500E+08 O.OOOE+OO 4.270E+01 
72 C2H4 + 0 > C2H3 + OH 1.300E+05 6.300E-Ol 5.700E+OO 
73 C2H4 + OH > C2H3 + H20 7.000E+07 O.OOOE+OO 1.260E+01 
74 C2H4 + CH3 > C2H3 + CH4 1.500E+06 O.OOOE+OO 4.970E+01 
75 C2H4 + 0 > CH3 + CHO 1.320E+02 l.SSOE+OO 1.800E+OO 
76 C2H4 + OH > CH3 + CH20 1.000E+07 O.OOOE+OO O.OOOE+OO 
77 C2H4 + 0 > CH2 + CH20 2.510E+07 O.OOOE+OO 2.090E+Ol 
78 C2H4 + H02 > CH3CHO + OH 6.000E+03 O.OOOE+OO 3.330E+01 
79 C2H3 + H2 > C2H4 + H 3.000E-02 2.630E+OO 3.570E+01 
80 C2H3 + H20 > C2H4 + OH 4.800E-04 2.900E+OO 6.220E+01 
81 C2H3 + CH4 > C2H4 + CH3 1.300E+06 O.OOOE+OO 3.260E+01 
82 C2H3 + CH20 > C2H4 + CHO 5.400E-03 2.810E+OO 2.450E+01 
83 C2H3 + C2H6 > C2H4 + C2H5 6.000E-04 3.300E+OO 4390E+Ol 
84 C2H3 > C2H2 + H LOOOE+15 O.OOOE+OO 1.780E+02 
85 C2H3 + H02 > CH3 + CO + OH 3.000E+07 O.OOOE+OO O.OOOE+OO 
86 C2H3 + 02 > C2H2 + H02 l.OOOE+06 O.OOOE+OO O.OOOE+OO 
87 C2H2 + H > C2H3 5.500E+06 O.OOOE+OO l.OlOE+Ol 
88 C2H2 + 02 > CHCO + OH 2.000E+02 1.500E+OO L259E+02 
89 C2H2 + 02 > CHO + CHO 4.000E+06 O.OOOE+OO 1.170E+02 
90. C2H2+H>C2H+H2 1.500E+08 O.OOOE+OO 7.960E+01 
91 C2H2 + OH > C2H + H20 l.OOOE+07 O.OOOE+OO 2.930E+01 
92 C2H2 + OH > CH2CO + H 3.000E+06 O.OOOE+OO 4.600E+OO 
93 C2H2 + CH3 > C2H + CH4 1.800E+05 O.OOOE+OO 7.230E+Ol 
94 C2H+H2>C2H2+H 3.500E+06 O.OOOE+OO 8.800E+OO 
95 C2H + H20 > C2H2 + OH 4.070E+06 O.OOOE+OO 5.800E+OO 
96 C2H + CH4 > C2H2 + CH3 1.000E+06 O.OOOE+OO 6n00E+01 
97 C2H + C2H6 > C2H2 + C2H5 .3.600E+06 O.OOOE+OO O.OOOE+OO 
98 C2H2+0>CH2+CO 1.750E+07 O.OOOE+OO 1.330E+01 
99 C2H2 + 0 > CHCO + H 9.000E+06 O.OOOE+OO 1.900E+01 
100 C2H + 02 > CHO + CO 5.000E+07 O.OOOE+OO 6.300E+OO 
101 C2H+O>CH+C0 1.000E+07 O.OOOE+OO O.OOOE+OO 
102 CH3CHO + H > CH3 +CO+ H2 4.000E+07 O.OOOE+OO 1.760E+01 
103 CH3CHO + 0 > CH3 + CO + OH 5.000E+06 O.OOOE+OO 7.500E+OO 
104 cHiK::Ho + OH > CH3 + CO·+ H20 1.000E+07 O.OOOE+OO O.OOOE+OO 
105 CH3CHO > CH3 + CHO 2.000E+15 O.OOOE+OO 3.310E+02 
106 CH3CHO + H02 >.CH3+CO + H202 1.700E+06 O.OOOE+OO 4.~E+01 
107 CH3CHO + 02 >. CH3 + CO + H02 2.000E+07 S.OOOE-01 1.765E+02 
108 CH3CHO + CH3 > CH3+èo + CH4 8.000E+05 O.OOOE+OO 2.510E+01 
109 CH2CO + H > CH3 + CO 7.000E+06 O.OOOE+OO, L2(i()E+Ol 
110 CHZCO + 0 > CHO + CHO 2.000E+07 O.(J()()E+OO . 9.600E+OO 
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No. Reaction A b Eact 

111 CH2CO + OH > CHO + CH20 l.OOOE+07 O.OOOE+OO O.OOOE+OO 
112 CH2CO+M>CH2+CO+M 1.000E+10 O.OOOE+OO 2.480E+02 
113 CHCO + H > CO + CH2 3.000E+06 O.OOOE+OO O.OOOE+OO 
114 CHCO + 0 > CO + CHO 1.200E+06 O.OOOE+OO O.OOOE+OO 
115 CHCO + OH > CHO + CO + H 1.000E+07 O.OOOE+OO O.OOOE+OO 
116 CHCO + 02 > CO + CO + OH 1.460E+06 O.OOOE+OO 1.050E+Ol 
117 C2H5 + CH3 > C3H8 1.000E+07 O.OOOE+OO O.OOOE+OO 
118 C2H4 + CH3 > C3H7 l.OOOE+OS O.OOOE+OO 2.900E+Ol 
119 C2H3 + CH3 > C3H6 1.000E+07 O.OOOE+OO O.OOOE+OO 
120 C2H2 + CH3 > C3H5 6.000E+OS O.OOOE+OO 3.220E+01 
121 C3H8 > C2H5 + CH3 7.900E+16 O.OOOE+OO 3.560E+02 
122 C3H8 + H > C3H7 + H2 1.300E+08 O.OOOE+OO 4.060E+Ol 
123 C3H8 + 0 > C3H7 + OH 3.000E+07 O.OOOE+OO 2.410E+Ol 
124 C3H8 + OH > C3H7 + H20 3.700E+06 O.OOOE+OO 6.900E+OO 
125 C3H8 + CH3 > C3H7 + CH4 1.550E+08 O.OOOE+OO 8.900E+Ol 
126 C3H7 > C2H4 + CH3 1.300E+13 O.OOOE+OO 1.359E+02 
127 C3H7 + H2 > C3H8 + H 4.000E+06 O.OOOE+OO 6.980E+Ol 
128 C3H7 + H > C3H8 2.000E+07 O.OOOE+OO O.OOOE+OO 
129 C3H7 + H02 > C3H8 + 02 l.OOOE+07 O.OOOE+OO O.OOOE+OO 
130 C3H7 + CH4 > C3H8 + CH3 7.900E+05 O.OOOE+OO 6.480E+Ol · 
131 C3H7 + C2H6 > C3H8 + C2H5 l.OOOE+05 O.OOOE+OO 4.180E+Ol 
132 C3H7 + C2H4 > C3H8 + C2H3 l.OOOE+05 O.OOOE+OO 6.280E+Ol 
133 C3H7 > C3H6 + H 2.000E+14 O.OOOE+OO 1.630E+02 
134 C3H7 + 02 > C3H6 + H02 l.OOOE+06 O.OOOE+OO 2.090E+Ol 
135 C3H6 + H > C3H7 4.000E+06 O.OOOE+OO l.lOOE+Ol 
136 C3H6 > C2H3 + CH3 7.000E+16 O.OOOE+OO 3.600E+02 
137 C3H6 + CH3 > C3H5 + CH4 2.000E+04 O.OOOE+OO 1.880E+Ol 
138 C3H6 + 0 > C2H5 + CHO 1.510E+06 O.OOOE+OO O.OOOE+OO 
139 C3H6 + OH > CH3CHO + CH3 l.OOOE+07 O.OOOE+OO O.OOOE+OO 
140 C3H5 + H2 > é3H6 + H 7.940E+06 O.OOOE+OO 3.100E+Ol 
141 02 + H > 0 +OH 1.700E+11 -9.00E-01 7.280E+Ol 
142 02+H+M>H02+M 2.000E+06 -S.OOE-01 O.OOOE+OO 
143 O+OH>OZ+H 1.800E+07 O.OOOE+OO O.OOOE+OO 
144 0 + H02 > 02 + OH 2.000E+07 O.OOOE+OO O.OOOE+OO 
145 0 +HZ> OH+ H l.SOOE+Ol 2.000E+OO 3.160E+01 
146 0 + H20 > OH + OH 4.600E+03 1.300E+OO 7.150E+Ol 
147 0 + HZOZ > OH + H02 6.310E+06 O.OOOE+OO 2.075E+01 
148 OH+H>O+H2 6.700E+OO Z.OOOE+OO 2.330E+01 
149 OH + OH > 0 + H20 1.500E+03 1.140E+OO O.OOOE+OO 
150 OH + HZ > H20 + H l.OOOE+02 1.600E+OO 1.380E+Ol 
151 OH + H + M > H20 + M Z.200E+10 -2.00E+OO O.OOOE+OO 
152 OH + HOZ > H20 + 02 2.000E+07 O.OOOE+OO O.OOOE+OO 
153 OH + H202 > H20 + H02 1.750E+06 O.OOOE+OO 1.330E+OO 
154 HOZ+M>OZ+H+M 2.100E+09 O.OOOE+OO 1.910E+02 
155 H02+H>02+H2 2.500E+07 O.OOOE+OO 2.900E+OO 
156 H02 + H02 > 02 + OH + OH 2.000E+06 O.OOOE+OO O.OOOE+OO 
157 H02+H2>HZOZ+H 3.000E+07 O.OOOE+OO 1.090E+02 
158 H202 + H > H02 + H2 1.700E+06 O.OOOE+OO 1.570E+01 
159 OH+OH+M>H202+M 3.200E+10 -2.00E+OO O.OOOE+OO 
160 H02+H>OH+OH 1.500E+08 O.OOOE+OO 4.200E+OO 
161 H202+M>OH+OH+M 3.000E+11 O.OOOE+OO 1.900E+02 
162 H202 + H > OH + H20 1.000E+07 O.OOOE+OO 1.660E+Ol 
163 H20+H>OH+H2 4.600E+02 1.600E+OO 7.770E+Ol 
164 H+H+M>H2+M 1.800E+06 -1.00E+OO O.OOOE+OO 

M • inert 



Ethylene synthesis by direct partial axidation of methane 

reactions, see Table 4.1. Each of these reactions is characterized by an extended 
Arrhenius expression for the reaction rate constant: k = A· Tb· exp (-Eact/R'T) 

In which A = frequency factor 
b = non-linearity coefficient 
T = absolute temperature 
Eact = energy of activation 
R = gas constant 
ATb for a first order reaction 

for a secoud order reaction 
for a thifd order reaction 

An important feature of the program 
developed is its option for . a kinetic 
sensitivity analysis. It determines the 
influence of each elementary reaction on 
the product distribution. The principle of 
the metbod is that ~he frequency factor of 
each reaction. in turn is divided by a 
constant, · for example 10, and that new 
concentradons resulting from tlie new 
calculations are used to compote sensitivity 
factors. These are defined as: 

sij= Aln ei/ Aln ~ 
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in which ci=concentration of component i 
and ~=rate constant of reaction j. A set of 
over 400 reactions, see Figure 4:4, could be 
reduced to the 164 reactions of Table 4.1 
(Refs. 11, 12, 13, 14, 15, 16, 17, 18, 19, 20, 
21) by omitting all the reactions which had 
no significant contribution to the product 
distribution. In this way, fot example the 

Flgure 4.5: Comparison of experiments (symbols) 
with simulations (Iines). 
Conditions: CHi02=W, CH./He=O.S, P,01 =1 bar. 

formation of methanol and reactions in which a methyl dioxygen. radical is involved 
were skipped. Tliis simplifies the reaction network but at. the same time limits .the 
applicability to conditions relevant for the methane oxidative coupling. The ·product 
distribution turns out to he highly sensitive towards reactions no. 6, 13, 15, 16; 46, 54, 
and 70. A reasóna):>le fit between the model and experimental data (Ref. 22) was 
obtained (see Figure 4.5), using the kinetic constauts from the literature. Only minor 
changes (within repûrted accu~acy limits) were applied for som'e of the oonstants. Note 
that the ethylene selectivity predicted by the model is too low. This requires 'furttier 
attention. 
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Flgure 4.6: Reaction scheme of the non~carbon 
containing components. The arrow width indicates 
in a logarithmic way the importance of the 
reaction. Conditions: T=900"C, CH./Ol=6.8, 
P014=0.87, Ptot=l bar, 1=0.52 s. 
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Flgure 4.7: The simplified gas phase reaction 
scheme with the main reaction paths. The width of 
an arrow indicates the importance of that reaction 
path. 
Conditions: T=BOO"C, CH./02=5, P, .. =l bar. 

Another powerlul tooi of the model is the integration óf individual reaction rates 
over the reactor, thus demonstraling the most important reaction pathways. It appears 
that H, OH, H02, and CH3 are the most reactive species. After an induction period in 
which the radical concentra ti ons are built up, they stay fairly constant at. typical 
concentradons of 10"7 

- lo--t molejm3
• Figures 4.6 and 4.7 show the main reaetauts and 

reaction pathways of non-carbon containing and of carbon containing compounds 
respectively. The thickness of the arrows corresponds to the contribution of the 
respective reaction and the species besides the arrows in Figure 4.6 are the most active 
reaetauts for that reaction in order of importance (top to bottom). Although all the 
reactions of the figure are reversible, it is clear, from the thickness of the arrows, that 
none of them is at equilibrium. Oxygen is reduced to water via H02 and OH mainly. 
Hydragen peroxide is an intermediate product with a short lifetime and so its yield is 
low .. The exchange of hydrogen atoms between hydrogen molecules and atoms is 
relatively fast. The reaction rate of hydrogen atoms with non-carbon containing species 
is however low. It may be obvious that the <;-oxygenates, CH2> CH, CH30H and other 
omitted species are unimportant. The most important initiadon reaction, no. 2 of Table 
4.1, in which oxygen reacts with methane, appears to contribute very little to the 
methane conversion, and the sallle applies to other initiation reactions. The formation 
of CH3 radicals from methane appears.in the scheme as a rapid system of equilibrium 
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reactions in which various radicals are 
involved. In agreement with experimental 
results, the quantities .of <;-products are very 
limited, not because they are oxidized very 
fast, but because of their low rate of 
formation, see Figure 4.7. The <;-species 
prefer to undergo hydrogen abstraction rather 
than coupling with methyl radicals. Ethane 
and ethyl radicals are hardly oxidized and the 
formation of CH3 from <;H6 . is negligibly 
small, which implies that an'j extremely high 
initial ethylene selectivity should be achievable 
in the oxidation of ethane. This is 
experimentally confirmed, see Chapter 6. 

Figure 4.8 shows the temperature effect 
predicted by the model at a constant oxygen 
conversion of 80 %. A comparison of this 
figure with the experimental results in Figure 
4.2 shows that experiments and model exhibit 
very similar tendendes with respect to the 
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Figure 4.8: Simuialed temperature influence on 
the uncatalyzed methane oxidative coupling at · 
an oxygen conversion of 80%. Conditions: 
CH4/02 =5, PCH4=0.91 bar, P101 =1 bar. 

temperature influence on conversion and selectivities, despite slightly different reaction 
conditions. Although this does not fully prove the correctness of the model, and the 
value of the parameters, it is giving confidence in the principles applied. 

Conclusions 
The model developed simulates the experiments correctly. The main carbon reaction 

path goes via CH3, <;~, <;H5, towards <;H4,. that is oxidized rapidly into CO. The 
most active reaction.species in the homogeneons gas phase are the radicals H, OH, CH3 

~,tnd OH2 •. <;-hydrocarbons are hardly produced due to their low rate of formation. 

4.4 HOMOGENEOUS GAS PHASE EXPERIMENTS IN A CSTR 

Introduetion 
The experiments that will be presented bere concern homogeneons gas phase 

reactions in a well mixed reactor· ( =CSTR), which were perfortried in the recycle 
reactor, described in Chapter 2. The reactor is operated in the CSTR mode. The 
advanta'ge of this type of operation is that no concentration gradients are present inside 
the reactor. The concentrations in the. reactor can be controlled by adapting the feed 
gas flow or by changing feed ratios. The aim. of the experiments was .in particular to 
investigate the effect of C02, water,hydrogen and ethane on the oxidative ctmpling of 
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methane. 
In all the experiments the following conditions have been applied: 

Reactor temperature: 
Reactor pressure: 
Reactor volume: 
Integral feed: 
Differential feed: 
Recycle ratio: 

Results 

1073 or 1173 K 
1.10- 1.25 bar 
1.1 cm3 

50 - 60 Ncm3/min 
1700-2600 Ncm3/min 
30-50 

~ 120 

90 

CH/10 

60 
ll. ------------ 6T ____ --------•0. 

30 
co 
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The effect of carbon dioxide on the gas 
phase reactions bas not yet been reported, 
whereas its effect on the catalytic reactions 
is extensively described in literature (Ref. 
23). In Figure 4.9 an experiment is shown, 
in which the carbon dioxide partial pressure 
in the reactor is varied by adding co2 to 
the other feed gases. The residence time is 
kept constant by diminishing the helium in 
the feed with the same amount as the C02 

added. The partial pressures of ethane and 
ethylene in tbe reactor are tbe same. It is 
clear from this figure, that carbon dioxide 
bas no effect at all. No changes occur in the 
pardal pressures inside the reactor. This is 
in agreement with the model developed to 
simulate the homogeneaus gas phase 
reactions (Paragraph 4.3, Ref. 10). The 
formation of carbon dioxide in the gas 
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F"agure 4.9: The influence of the carbon dioxide 
partial pressure on the gas phase oxidative 
coupling of methane. Conditions: T=SOO"C, 
P101 =1.25 bar, R=38, 1 perpua~0.032 s. 

phase is rather slow, but its decomposition is still much slower, see also Figure 4.7. 
By cooling the recycle stream in a condenser kept at 273 K, the main part of the 

water was removed and so its effect on the oxidative coupling of methane could be 
observed. A higher water partial pressure increases both tbe metbane and oxygen 
conversion. This is not caused by higher partial pressures of methane or oxygen, because 
these are equal and lower respectively, see Figure 4.10. The net production rates of 
ethylene and propylene are hardly influenced by the water partial pressure. The net 
production rate of ethane decreases a little bit, whereas the 002 formation rate 
increases due to an increased CO concentration. The ~+ selectivity thus drops when 
the water concentration in the reactor rises. In Figure 4.6 it is shown that the most 
important decomposition reaction of water is: H20 + CH3• ---> CH4 + OH·, so, 
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Figure 4.10: The influence of the water parrial 
pressure on the overall reaction rates. Conditions: 
T=900°C, P,01 =1.20 bar, R=45, 'Tper-=0.027 s. 

Figure 4.11: The influence of the hydrogen partial . 
pressure on the overall.selectivities and conversions 
of the gas phase oxidative coupling of methane. 
Conditions: T=9(X)OC, P101=1.20 bar, R=40, 
.,.per_ =0.030 s. 

methyl radicals are replaced by OH· radicals, which 
results in higher reaction rates and a lower ~+ 
selectivity due to the lower CH3• concentration. 

Figure 4.11 depiets the effect of the addition of 
hydrogen to the feed at a constant residence time. The 
water production and the oxygen consumption are 
accelerated. So, the hydrogen is bumed to water, which 
causes a lower ~+ and a higher CO and 002 

selectivity, oompare Figures 4.10 and 4.11. Note that 
the effect of water and hydrogen is very similar indeed. 

Ethane bas been added to the primary feed of the 
reactor to investigate its effect on the reaction rates. 
The partial pressures of methane and oxygen in ~e 
reactor: are kept constant by increasing their primary · 
feed flows. The residence time is kept constant by 
using helium as a balance .. At the conditions chosen, 
T = 1073 K, the effect is tremendous, see Table 4.2. 
The conversion of methane . is increased 12 times and 
that of oxygen by 10 times. As a result the 

Table4.2: 
The influence of addition of ethane 
to the feed on the composition of the 
product gas. The methane and 
oxygen partlal pressures are kept 
constant. Conditions: T = SOO'C, 
P .... =1.20bar, R=35, fee =0.034s. 

Reactor pardal pressure 
(mbar) 
C2H6 1 14 

02 96 94 
Cli. 603 593 
Ha 1 147 
H20 11 106 
co 3 94 
002 0 14 
c;H. 1 25 
Ci~ 0 1 

Conversion rate (mol/m3 s) 
CH. 0:27 3.5 
02 0.20 4.6 
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ooncentrations of especially ethylene, and, to a smaller extent, CO and C02 are higher, 
whereas the propylene concentration drops in oontradiction to what is expected. This 
experiment proves without doubt that ethane can be dehydrogenated much more rapidly 
than methane. Ethane is oonverted into radicals relatively easily and it therefore acts 
as an initiator for the activation of methane. 

Conc1usions 
Carbon dioxide behaves oompletely inert in the homogeneaus gas phase methane 
oxidative coupling. This is in agreement witb tbe kinede model, which shows that the 
formation rate of C02 in the gas phase is slow, but its decomposition is even much 
slower. 

Water present in the gas pbase increases both the methane and oxygen conversion, 
but only the production of carbon oxides benefit from it. Hydrogen is combusted to 
\vater, wbich explains its simHar effect. 

Ethane functions as an initiator when added to the methanefoxygen feed. lts 
dehydrogenation rate is bigher than that of methane. So, the concentration of radicals 
in the gas pbase is increased and therefore the reaction rate too. 
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5 CATALYSTS 

5.1 SUMMARY 

The catalyst research was started with investigating the lithium doped magnesia. At 
methane oxidative coupling conditions, this catalyst consists of MgO particles partly 
covered by molten Li2C03• Especially the small pores of MgO are blocked or filled 
with lithium carbonate. Due to the carbon dioxide present as a reaction product, the 
lithium is in its carbonate form, which was shown by thermodynamical calculations. At 
soooc in an inert atmosphere it decomposes to Lip which is confirmed by 
thermogravimetrie experiments. 

The active site for the activadon of methane is believed to be a kind of activated 
oxygen connected with u+ ions, and stabilized by magnesium oxide. The presence of 
both lithium and magnesium oxide is essential, because much lower yields are obtained 
if pure lithium carbonate or pure magnesia are used. 

A fluidised bed, which is a more suitable reactor than a ftxed bed in this process, 
requii:es special catalysts. Li/MgO and Sm20 3 are not very suitable. Na/CaO can be 
applied successfully in a fluidised bed, however, periodical drying (after every 100 
operadog hours ), to re move the water absorbed by the catalyst, is required to restore 
fluidisation. 

Catalyst made by impregnating silica, "(- and a-alumina carriers have good free 
flowing properties, but gave poor Cz yields, most probably caused by acidic sites at the 
carrier material. A new, good fluidised bed catalyst, the Sm/Na/Ca/ Al-oxide bas been 
developed. This catalyst, made by coprecipitation, bas good flow properties, the alumina 
takes care of a good meehamcal strength, and a good catalytic performance. The 
preparadon metbod chosen probably allows neutralization of the acidic sites normally 
present on alumina. 

A bubble column reactor with a molten catalyst is a reactor type that elegantly 
combines a good temperature control and catalytic working. However, further research 
to develop active and selective catalysts is necessary. 

5.2 INTRODUCfiON 

As bas been stated in Chapter 1, there are two modes of operating a catalytic reactor 
for the oxidative coupling of methane process: a cyclic mode, in which a methane and 
an oxygen containing stream are contacted in turn with the catalyst, and a co-feed 
mode, in which methane and oxygen are simultaneously fed to the reactor. The Atlantic 
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Richfield Company has especially paid attention to the cyclic mode of operation (Refs. 
1,2,3). Over 45 US Patents were issued for redox type catalysts suitable for this process 
and it is claimed that the process design is complete and ready for plant construction 
(Ref. 4). 

In our opinion, the co-feed mode bas predominant advantages: 
-The processis simpler, and more flexible. 
-The transportation of huge amounts of solids or the switching of gas streams 
can he avoided. 

-The inherent safety of the process seems to he better. 
Therefore, the investigation of this thesis bas been focused on the co-feed mode of 
operation. 

At Eindhoven University of Technology, catalyst screening basnotbeen a primary 
objective of the methane oxidative coupling research. In view of the collaboration with 
the group of Prof. Ross, this type ofworkhas been concentraled at Twente University. 
In Eindboven it was aimed to start with an existing catalyst, to explore the mecbanism 
and kinetics, and to carry out preliminary reactor and process development. 

Among the many matenals that have been reported as catalytically active for the 
oxidative coupling of methane (Refs. 2,5,6,7,8,9,10), lithium doped magnesium oxide 
especially bas attracted the attention of many researchers (Refs. 9,10,11,12,13,14). This 
is not surprising. It sterns from the excellent performance of this catalyst, at least in 
Iabaratory ftxed bed reactors, see Table 1.2. Por this reason, it was also selected to start 
the investigation of this thesis with. In spite of much attention, reliable quantitative data 
on catalyst preparadon and performance were not available. Therefore, our study 
started with some investigations regarding preparation, structure and stability of the 
li/MgO catalyst (Ref. 15). 

The fixed bed reactor is the most common reactor type for heterogeneously catalyzed 
reactions, particularly on Iabaratory scale. However, scale-up to a commercial scale is 
difficult for this particular reactor in view of the exothermicity of the reactions (Ref. 
16). A fluidised bed is more suitable (Ref. 17), but requires adapted catalysts. 
Therefore, special attention bas been paid to develop them. 

Another reactor that is able to handle the rather high reaction energy released, is a 
bubble column reactor, in wbich a liquid phase catalyses the methane oxidative 
coupling. Furthermore, in tbis reactor the catalytic activity of molten salts can he te5ted, 
whicb may also provide a better onderstanding of the woricing of the catalyst. 

5.3 TUE U/MgO FIXED BED CATALYST 

Introduetion 
At the start of this study, U/MgO appeared to he the most promising new catalytic 
material. It was selected for forther studies in ftxed bed reactors, and considered 
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representative for the more general class of 
"non" reducible alkali/alkaline earth roetal 
oxide mixtures. 

As an introduetion to meehamstic and 
kinetic investigations some aspects of the 
material itself have been investigated to get 
a better understanding of the nature of the 
catalytic material, and of the optimal way to 
apply it. 

As. reported in Chapter 4, both ethane 
and ethylene can be formed from methane 
by oxidative coupling in the homogeneous 
gas phase. This arises the question: why do 
we need a catalyst? The answer is simple 
and given by Figure 5.1: to improve the 
yield of the desired products, especially at 
high conversion levels. Furthermore, it may 
accelerate the reactions. To be able to 
improve the catalysts a good understanding 
of their working is necessary. 

Nature of the active centre 
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Figure 5.1: Comparison of gas phase and lifMgO 
catalyzed oxidative coupling of methane. 
Conditions: CH4/02=5, T=SOO"C, P101 =1 bar. 

In Chapter 1, the nature of the active compound present fn the lithium doped 
magnesium oxide as proposed by Lunsford et al. is given. Lithium is supposed to 
dissolve substitutionally in the magnesium oxide matrix, because the ion radii of Mi+ 
and u+ are very close. Thus, forced by charge neutrality, the sites (Li+o-) for methane 
activadon may be formed. 

Figure 5.2 depiets the working principle 
of a Li/MgO catalyst. The main part of the 
lithium of the catalyst is present in the form 
of lithium carbonate, as will be shown later 
in this section. The lithium carbonate can 
decompose to form up which can be 
tumed into an active centre by mcygen 
uptake. These eentres react with methane 
from the gas phase to create methyl radicals 
which are believed to combine in the gas 
phase to ethane. The resulting lithium · 
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OH 
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hydroxide can vaporize, which is one of the Figure 5.2: Woricing principle of Li/MgO catalyst 
ways in which lithium is lost. Another during methane oxidative coupling. 

possibility is an (irreversible) reaction · with 
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quartz to form lithium silicates as indicated in Figure 5.2. Both forms of lithium loss 
cause catalyst deactivation (Ref. 15). The C02 which is formed during methane 
oxidative coupling can react with the catalyst and can take part in an equilibrium 
reaction with the catalyst and "dynamically" convert lithium oxide in lithium carbonate, 
which is not very active for methane activation, see Section 5.5. This also explains the 
inhibiting effect of C02 found by Korf et al. (Ref. 18). 

Regarding the active centres, it can be said that their concentration is very low (Ref. 
19), which makes the investigation of them very difficult. The exact nature of these 
active eentres and the role of magnesium oxide are not yet clear. As bas been said, 
Lunsford bas proposed Li + o· een tres. Active catalysts also result from combinatloos of 
alkali/alkaline earth oxides ~hat do not have corresponding radii. An example is 
LijCaO (rLi+ =0.068 nm and rCa2+ =0.099 nm (Ref. 20)) with a Cz yield > 25% (Ref. 
21) Also matcrials like Sm20 3 (Ref. 22) are active and selective catalysts for the 
oxidative coupling of methane. Furthermore, Roos et al. (Ref. 23) proposed a weakly 
bond di-oxygen species as the active centre for the Li/MgO catalyst. Experiments, 
presented in Section 5.5 will show that, in case of Li/MgO, the interaction of lithium 
with magnesium is essential for the catalysis. 
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Figure 5.3: Calculated thermodynamica! 
equilibrium carbon dioxide pressure of Li20 as a 
function of temperature. 
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Thermodynamics 
Considering the way of prepatation and the composition of the starting salts, the 
U/MgO catalyst can consist of hydroxides, oxides and carbonates. Thermadynamie 
calculations team that MgO and U 2C03o see Figure 5.3, are the stabie forms present 
in the U/MgO catalyst. The lithium carbonate is molten at temperatures exceeding 
723•c. So, the Li/MgO catalyst consistsof solid MgO particles partly covered by a 
molten U 2C03 phase. For, the amount of lithium added during preparation exceeds by 
far the amount that can be substitutionally dissolved in the MgO matrix. 

By atomie absorption experiments Li and Mg concentradons were determined.. 
Assuming that U is present in the carbonate form, it was concluded that magnesium is 
present as Mg(OH)2 in the catalyst just before calcination. So, during calcination the 
Mg(OH)2 is converted into MgO. 

Figure 5.4 shows that from lithium and quartz stabie li.thium metasilicates· can be 
formed. Indeed, the quartz reactor wall and the quartz crucibles, in which the Li/MgO 
was calcined, were etched by lithium. Because of the high driving force for reaction, 
quartz can also be used to absorb an excess of lithium from the U/MgO catatyst, as bas 
been reported by Van Kasteren (Ref.15). 

Characterization and pore strueture 
To reveal the structure and state of tbe Li/MgO, some. experiments and 
cbaracterization methods have been carried out. Preparing tbe lithium doped magnesia 
from different starting salts, for example UN03, give a different initial performance 
(Ref. 24). However, if the duration of an experiment is sufficiently long, the fmal 
performance is the same for all. This indicates that a kind of equilibrium state is 
reached. It is believed that MgO and Li2C03 are presc;mt then, for tqey are the most 
stabie components. It should be noted that part of the lithium is lost during reaction, 
due to evaporation of LiOH, see also Figure 5.2. 

Mercury pore penetradon experiments indicated that the lithium doped magnesia had 
a typkal specific pore volume of 0.1 cm3 fg. Hardly any pores of radii below 1()0 nm 
could be detected. The specific surface area of this material is typically 0.5 m2 I g. Pure 
MgO bas a specific pare volume óf 1.3 cm3 /g with over 35% from pores of radii lower 
than 100 nm. So, evidently the Li2C03 blocks or fills the pores of magnesium oxide, 
especially the smalt ones, and so, the surface area is reduced. The loss of pore volume 
is not stopped after calcination; it gradually continnes during reaction. 

ThermojUQ,vimetric experiments 
Experiments carried out in a thermobalance (Dupont 950, for a system description see 
Ref. 25) showed that the U/MgO catalyst looses weight in an inert atmosphere, see 
Figure 5.5. This is in agreement with the thermodynamics (Figure 5.3), the U 2C03 

phase of a calcined Li/MgO catalyst decomposes in an inert atlnosphere. However, 
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even more interesting is the fact that when 
a CH4/02 mixture is led over the catalyst 
the weight is almost instantly increased. 
When only helium and oxygen were fed no 
difference with an inert atmosphere was 
observed; In our opinion, this means that 
either the restoration of the carbonate 
phase or the formation of LiOH is a very 
fast process. However, on basis of our 
results we cannot discriminate between 
those two. In conclusion, the decomposition 
of carbonate is a relative slow process, 
while the formation of LiOH or Li2C03 

from Li20 is a fast reaction. 

Conclusions 
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Figure 5.5: Tbermobalance experiment of a 
Li/MgO ea.alyst. Changes in feed gas composition 
are indieated. Conditions: T"'800"C, P .... "'l bar, 
W"'O.l g, F"'lOO Ncm3/min. 

The lithium doped magnesium oxide is an effective catalyst; it gives a much higher 
~ yield than can be obtained in the homogeneaus gas phase. 

At oxidative coupling conditions the Li/MgO catalyst consists of Li2C03 and MgO 
mainly. During preparadon especially the smaller pores of MgO are filled with lithium 
carbonate. The Li2C03 is converted into the active species that abstracts a hydrogen 
atonl of methane. However, the ·exact nature of this site is not yet clear. 

Part of the lithium evaporatès from the reactor in the form of LiOH and another 
part reacts irreversibly with quartz under the formation of lithium silicates. These 
lithium losses cause deactivation of the catalyst. 

Thermobalance experiments have shown that, in agreement with thermodynamical 
calculations, the Li/MgO catalyst looses weight in an inert (=helium or helium/oxygen) 
atmosphere; Li2C03 is decomposed to Lip. 

SA DEVEWPMENT OF CATALYSTS FOR FLUIDISED BED REACI'ORS 

Introduetion 
A reactor design study, see Ref. 17, bas shown that a fluidised bed reactor is the 
preferred reactor type in a plant at a commercial scale. Some advantages are: an 
excellent temperature control, an easy heat recovery, a simple reactor construction, the 
possibility of a cold injection of the feed, the possibility of continuous catalyst renewal, 
and usage of the freeboard zone as an ethane cracker (Ref. 24 ). The advantage of the 
fluidised bed reactor regarding temperature control can be illustrated even at the 
·laboratocy scale. Figure 2. 7 shows a uniform temperature throughout the entire fluidised 
bed, whereas the fu:ed bed temperature profile as measured in the same laboratory 
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reactor is far from being flat. . 
The choice of the reactor bas consequences for the selection of a çatalyst~ A very 

good performance in a fixed bed does not guarantee that that catalyst can be applied 
in a fluidised bed. Of crucial importance is the fluidisability of the. catalyst in such a 
reactor. This puts serious constraints to the catalysts which can be used. The parti<;le 
size must lie between certain limits and remain the same under reaction conditions. 
Partiele abrasion due to low mechanical strength, and agglomeration of particles due 
to sintering effects . or interpartiele farces are common examples of failures in 
fluidisation. For these reasous special attention was devoted to the development of 
fluidised bed catalysts for the oxidative coupling of methane .. 

The catalysts dealt with in this section are divided into two groups: unsupported and 
supported catalysts. 

Performance of the unsupported çatalysts. 
The fluidised bed research was started by testing materlafs as applied in a fixed bed 
reactor, the U/MgO catalystbeing a-logical choice tostart with.J3e.cause the results of 
those catalysts, especially with respect to . the free flowing . properties, were not 
satisfactory, supported catalysts were prepared. They will be discussed later .. 

Li/MgO Catalysts 
The 7 wt% LifMgO catalyst, succeSsfully used in f1Xed bed reactors, was tested as a 
fluidised bed catalyst first. lt wàs prepared according to the metbod described in Section 
2.5. Sieve fractions of 0.063 to 0.125 8;lld 0.125 to 0.250 mm were selected. According 
. to the classification of Geldart (Ref. 26) this material is an A/B powder, which sbould 
easily fluidise. At room temperature it does indeed. However, at reaction conditions 
agglomeration occurred, and finally all particles were sticking to eacb other, to the wall 
or to the distributor plate. 

The problem is that lithium is not turned into U 20 but .is kept in its carbonale farm 
by the carbon dioxide produced during oxidative coupling of methane, see Figure 53. 
U~C03 roelts at 723•c, which means that, under reaction conditions, the catalyst 
actually consists of a porous solid matrix of MgO crystallites, soaked witl,l. molten 
u2co3. The only way to overcome this problem is to avoid the. Ilqu~d at the ~utsië:te of 
the particles. 'Ibis was tried by lowering the U rontent and by applying quartz particles 
as adiluent in t~e flqidised bed .. In the latter case quartz acts as a lithium sink by 
formation of a stabie solid: lithium metasilicate, see Figure 5.4. 

Catalysts that fluidised . for a maximum of 24 hours we re . realized, using quartz 
dilution, but the performance was substaJ:!tially below that of the best ( undiluted) ~ed 
bed catalysts. 

', t< 
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Samarium oxide cata1ysts 
lt is known from literature (Refs. 7,22;27,28), that samarium oxide is àn active catalyst 
for the oxidative coupling of methane, although not performing as well as U/MgO. 
Calcium oxide and potassium oxide used as dopants increase the stability of these 
catalysts (Refs. 29 and 30). The problem of these catalysts is the extremely low 
mechanical strength of the particles. Most of the catalysts have been prepared by a 
metbod similar to that of U/MgO, but instead of water concentrated nitric acid was 
used (see Section 2.5) and this resulted in porous catalysts~ Neither of the oxides used 
roelts during the preparation. Therefore, these catalysts do not have a binding 
component oomparabie to U2C03 in the Li/MgO system and they consist ·of small 
particles which easily break down into very fine powder. It is not possible to calcine 
these catalysts at higher temperatures to melt the oxides, for samarium oxide is 
converted from the body centred cubic structure to the less active monoclinic structure 
at temperatures over 850 •c (Ref. 31). 

Sodium/çalcium oxide çata!ysts: 
A catalyst system patented by Fox et al. (Ref. 32) in 1984 was Na/CaO. Good results 
were reported, butfora cyclic mode of operadon only. Ito et al. (Ref. 11) gave no 
experimental results of this catalyst, but claimed a performance similar to the Li/MgO 
catalyst in a cofeed mode of operation. The carbonate phase in this catalyst is sodium 
carbonate, which melts at a higher temperature (Tm = 85t•C) than U 2C03 and is 
therefore believed to result in catalysts with better free flowing properties. 

NaOH/Ca(OH)2 catalysts (13 male% Na) were prepared via the wet impregnation 
metbod (particle size 0.150- 0.300 mm). They are easy to fluidise when carefully dried. 
Fluidisation stops wben the catalyst material bas absorbed too much reaction water 
(usually afterabout 100 operating hours). A heat treatment in a helium atmospbere 
restores fluidisation. With this catalyst, selectivities of up to 60% can be reached at CH4 

conversions of about 12%. In Figure 5.6 these catalysts are indicated as Na/CaO 
catalysts. The stability of this type of catalysts is good. 

Performance of the supported çata)ysts. . 
To reduce the attrition in the fluidised bed, the mechanica! strength of the catalysis bas 
been increased by putting the catalytic active components on carriers. Furthermore, 
impregnation of porous carriers may result in good free flowing properties, because a 
gluing component at the outside of tbe particles is missing. 

Three kinds of carrier matenals have been tested: silica, a- and 7-alumina. They have 
been impregnated with 7 wt% Li/MgO and with Sm10 3• All these matenals fluidise 
permanently at reaction conditions. However, the catalyst carrier bas a significant 
influence on both the methane conversion and the <;. selectivity, which is clearly 
shown in Figure 5.6 in which the catalysts are ordered to their carrier materiaL 
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The 1 and a alumina supported catalysts have a rather poor performance, with <;+ 
selectivities of .below 30% and methane conversions of up to 10%. Si02 supported 
catalysts can achieve a high selectivity of up to 80%, but only at low CH4 conversion 
( <5%). At high CH4 conversion (20%) that selectivity drops to just 20%!The highest 
yield (5%) is achieved at a CH4 conversion of 12% and a <;+ selectivity of 40%. From 
Figure 5.6 it is clear that the more acidic the carrier material is the worse is the 
catalytic performance. Moreover, Li gets lost on these carriers as it reacts with the 
carrier itself and forms lithium aluminates and lithium silicates, see Figure 5.4. They 
are less active for the oxidative coupling of methane. 

It should be possible to neutralize the 
negative effect of acidic sites by adding 
effective basic dopants. lndeed, Ernst et al. 
(Ref. 33) observed a beneficial effect of 
addition of basic dopants to acidic carrier 
materials. N~O/CaO addition to zeolite Y 
resulted in a two fold increase in <;+ 
selectivity (from 15 to 30%). The maximum 
<; yield they obtained was 6.5%. 

A quite interesting, newly developed 
catalyst is the Sm203/N~C03/Ca0/1-
Al203> indicated in Figure 5.6 as 
"Sm/Na/Ca/ Al-oxide". The alumina bas 
been used to give the catalyst the necessary 
strength, but the catalyst was not prepared 
in the usual manner (impregnation of the 
N~COJCaO catalyst doped with samarium 
oxide on the carrier material). Instead, the 
Al20 3 carrier is co-precipitated with the 
other starting salts (see Section 2.5 for the 
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Figure 5.6: c2+ selectiVity as function of methane 
conversion for Na/CaO, Sm/Na/Ca/ Al-oi'Jde, and 
various supported catalysts in a ftuidised bed. 

preparadon method). In this way, an active catalyst was obtained with a good 
interaction between the basic sodium and calcium and the acid alumina, resulting in an 
effective neutralization of the acid sites. This could not be achieved by impregnation 
of alumina carrier particles. XRD analysis of the coprecipitation catalyst revealed two 
crystalline phases: cubic Sm20 3 and CaSmAI04• At a methane conversion of 21% a 
maximum yield of 10.5% was achieved, which is similar to the performance of a two 
days aged Li/MgO catalyst. However, contrary to Li/MgO, no deactivation and a good 
free flowing behaviour were observed for this new catalyst! 

Conclusions 
The Li/MgO catalyst, as applied in a ftxed bed, cannot be used successfully m a 

fluidised bed. Agglorilerates are formed during fluidisation, the molten lithium 
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carbonate acting as a glue being responsible. The samarium oxide used bas a low 
mechanical strength and therefore is not suited as a fluidised bed catalyst either. 

The sodium/ calcium oxide catalyst system perfarms very well in a fluidised bed, but 
periodical drying of this material inside the reactor is required to restare fluidisation. 

Carrier materials like alumina and silica have a good mechanical strength. The active 
component is contained inside the pores of those carriers, which results in good free 
flowing properties. However, their acidic sites assumably attribute to the oombustion of 
hydrocarbons resulting in low selectivities. 

A new catalyst (Sm20 3/NazC03/Ca0/1-Al20 3), made by co-precipitation, combines 
a good mechanical strength with a good catalytic performance. 

5.5 MOLTEN SALTS IN A BUBBLE COLUMN REACI'OR AS CATALYSTS 
(Ref. 34) 

Introduetion 
A multi-tubular fiXed bed reactor, when applied at a commercial scale, bas serious 
problems with the release of the reaction heat (Ref. 16). As a consequence, its 
temperature is difficult to control. In the previous section, it bas been shown that those 
problems do not occur with a fluidised bed at a laboratory scale and it is believed that 
scale-up of this reactor will not give those problems. A bubble column reactor, in which 
the liquid phase itself catalyses the meiliane oxidative coupling, can be an interestins 
alternative. Furthermore, experiments in such a reactor can supply information over the 
catalyst itself that is difficult to obtain otherwise. 

In earlier reported work (Ref. 19) it appeared possible to use pure Li2C03 supported 
on Zr02 as a catalyst with a similar behaviour as Li/MgO, albeit that its stability 
appeared very limited. lt was proposed that Li2C03 is an active catalyst or catalyst 
precursor in Li/MgO. As to the Li/MgO catalyst, the C:z selectivity has an optimum 
with respect to the amount of lithium toading as shown in Figure 5.7. This optimum 
shifts to higher loadings when the reaction temperature is increased. It is of interest to 
know if this trend continues. Therefore, the catalytic activities of lithium carbonate, pure 
and doped with minor amounts of magnesium oxide, have been tested. 

Lithium carbonate melts at 723•c, which makes it impossible to investigate the 
catalytic activity of pure lithium carbonate or heavily doped Li/MgO catalysts in a fixed
bed reactor at higher temperatures. The lithium carbonate would just melt and trickle 
downwards in the reactor. Therefore, a bubble column reactor was developed in order 
to investigate liquid catalyst systems. 

Results 
The reactions were carried out in a micro-flow reactor system operated at 

atmospheric pressure in which the fiXed bed reactor is replaced by a bubble column 



reactor, .described in Chapter 2. The carbon 
dioxide partlal pressure inside the reactor 
was kept at 0.01 bars by addition of 002 to 
the feed. This was sufficiently high to keep 
the lithium in its carbonate form, in 
agreementwith thermodynamiccalculations, 
see Figure 5.3. Uthium carbonate (Merck 
extra pure) and MgO (Merck p.a.) were 
used as the starring materials for the 
catalysts, which were made by slurrying the 
solids in water foliowed by evaporation, 
drying and grinding (Ref. 35). No 
calcination took place before reaction. 

In an empty apparatus the main product 
is carbon monoxide. lts selectivity is about 
60%. The oxygen conversion at 700 ·c 
amounts to 45% at the same flow rates as 
applied in the experiments (Tables 5.1 and 
5.2). When the flowrateis increased by a 
factor of only 1.27, the oxygen conversion 
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Figure 5. 7: C2 selectivity versus lithium 
concentration and temperature. Conditions: 
CHJ02=10, W/F=05 gs/cm3

, P..,.=l bar, data at 
650"C see Ref 11. 

drops to 25%; However, the residence time in the bubble column reactor can roughly 
be estimated, by using a correlation of Hughmark (Ref. 36), and appears to be 1/30 of 
tbat of the empty reactor. Thus, we do not expect any serious gas· phase activation 
wbere the reactor is filled with catalyst; see also Figure 3 of Ref. 13, which shows tbe 
dependenee of residence time for homogeneons gas phase reactions. 

Table 5.1: 
The influences of temperature on the catalytic performance of pure lithium carbonate. P 1 bar, Feed 
CH4:02:He:C02 = 1 : 0.23 : 0.67 : 0.022 (flow rate ratios). 

T Conv. (%) Selectivity (%) 
("C) rn. Oz CzH6 CzH• co C02 

700 16.9 82.6 19.4 35.2 5.9 39.4 (solid) 
750 126 97.9 21 5.5 24.9 67.6 (liquid) 
800 12.2 98.5 0.0 2.4 28.4 693 (liquid) 

Table 5.1 shows the catalytic performance of solid and liquid lithium carbonate ( 18 
g) as a function of temperature. The metbane conversion decreases slightly, but the 
oxygen conversion increases with temperature, wbich is accompanied by a drarnatic loss 
of hydracarbon selectivity. Although the experimental conditions have been kept the 
same, it is clear that the gas contact of solid and liquid lithium carbonate is differenL 



66 Ethylene synthesis by direct partial oxidlltion of methane 

However, it is acceptable to oompare tbeir selectivities. for tbe conversion levels are 
almost the same. From 700 to soo·c the ~ selectivity drops from 55 to only 2.4%. 
Qualitatively this is in agreement with the reaction mechanism proposed (Ref. 35), 
'which is based on experiments witb a 7 wt% U/MgO catalyst. At higher temperatures, 
consecutive reactions, i.e. the oxidation of ~ hydrocarbons, become more important 
and cause the selectivity drop. Despite the decrease in specific surface when U 2C03 

melts. the activity, in terms of oxygen conversion, increases. 

Table S.Z: 
The inOuences of temperature and wt% MgO in the üquid phase on the catalytic performance. P = 1 bar, 
Feed CU.:O~He:C02 = 1 : 0.23 : 0.67 : 0.022 (flow rate ratios). 

MgO T Conv. (%) Selectivity (%) 
(wt%) (oe) CH• Ûz <;H6 CzH4 co 002 

2 750 12.7 96.5 2.4 2.9 40.7 54.0 
800 14.0 96.9 3.8 17.9 19.8 58.5 

50 750 17.2 99.6 9.9 33.2 4.3 52.6 
800 16.7 99.6 5.3 36.2 4.3 54.2 

To investigate the influence of magnesium oxide on the catalytic behaviour of lithium 
carbonate, catalysts with different Mg0/U2C03 ratios were prepared. Under the 
reaction conditions, magnesium oxide is present as a solid powder, suspended in the 
liquid. The presence of magnesium oxide bas a significant effect on the selectivity, 
particularly at the high concentradon level (compare Tables 5.2 and 5.1). This proves 
that the U/MgO catalyst is oot just a carrier covered with a molten U 2COJILi20 phase, 
but that magnesium oxide plays an essential role. 

Previous investigations (Ref. 24) have shown that deactivation of the lithium doped 
magnesium oxide catalysts occurred in a fixed-bed reactor, but deactivation was not 
observed bere. This can be explained by two facts. Firstly, there is no loss of U or 
possible segregation of U and MgO in the slurry system, in which there is an abondance 
of liquid Li2C03• Therefore, tbe composition is not changing. Secondly, the co-feed of 
~ might also be important, as Korf et al. (Ref~ 18) have shown that it stahilizes these 
catalysts. 

Conclusions 
In conclusion, it cao be said that minor amounts of higher hydrocarbons were 

obtained from molten lithium carbonate. However, addition of magnesium oxide to 
lithium carbonate is very beneficia! for the production of ethane and ethylene and 
opens the possibility for the creation of (new) active centres. These eentres could be 
mainly responsible for the catalytic coupling activity, as it is known that only a small 
part of the total U content in U/MgO causes the high activity observed during methane 
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coupling (Ref. 19). In this respect, it can be said that the interaction of U with Mg is 
essential for a high <; yield. For reasons of heat removal, a bubble column might be 
a suitable reactorfora methane oxidative coupling process. However, further research 
in order to develop improved catalysts bas to be done. 
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6 REACTION MECHANISM AND KINETICS 

6.1 SUMMARY 

The final goal of the research described in this chapter is to determine the kinetic 
parameters for the oxidative coupling of methane, in order to be able to design reactors 
for this process. A U/MgO catalyst was taken as a representative of the group of "non
reducible" catalysts suited for the cofeed mode of operation. 

The influence of process conditions was investigated first, in order to get a feeling for 
the most important parameters, and to explore the best range of conditions for the 
oxidative coupling of methane process with respect to the Cz selectivity. 

It turned out that the methanefoxygen ratio and the oxygen partial pressure are the 
key factors that determine the selectivity. The Cz yield knows an optimal methane/ 
oxygen ratio. At a high ratio the Cz yield is limited due to a low methane conversion, 
whereas when the ratio is (too) low, combustion reactions dominate, which results in 
low Cz selectivities and therefore poor Cz yields. At a constant methanefoxygen ratio, 
the oxygen partial pressure is still important, as it turned out that combustion reactions 
are favoured as the oxygen partial pressure increases. Apparently, the reaction order 
with respect to oxygen is lower for the desired formation of ethane and ethylene than 
for the various combustion reactions involved. This also explains the very high 
selectivities reported for some catalysts in literature, where highly diluted gas mixtures 
(in helium) were applied. 

The temperature is an important factor as well. The optimum temperature is around 
800"C. At much lower temperatures methane activation is too slow with respect to 
catalytic oxidation of the Cz hydrocarbons formed. At much higher temperatures, 
(direct) combustion ofmethane in the gas phase predominates. Of course, the optimum 
temperature level also depends on the type of catalyst used. 

Special attention was paid to the effect of elevated pressure, a factor of economie 
interest in a commercial process. The results are even worse than expected on the basis 
of the influence of the oxygen partial pressure. The C2 selectivity decreases dramatically. 
Probably this is due to the (non-selective) gas phase radical reactions that become more 
predominating when the pressure is increased. 

It bas been demonstrated that the empty space after the catalyst bed, i.e. the post
catalytic space, excellently can be used as an ethàne cracker running on the energy 
produced by the oxidative coupling reactions. 

To elucidate the main reaction path, individual reaction steps (homogeneous and 
catalytic) were investigated by separately feeding the essential reaction intermediales 
and products (ethane, ethylene, and carbon monoxide) to the reactor, either empty or 

•· • ' J ' • 
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filled with the catalyst. A rather complex reaction network emerges from the results. 
Many of the reactions involved are a mixture of thermal (gas phase) and catalytic 
reactions. Two reactions are mainly catalytic: Methane activation. i.e. the formation of 
methyl radicals, and oxidation of CO into C02. For the Li/MgO catalyst as studied 
bere, it was shown that the network can be simplified to a single consecutive scheme, 
reflecting the main reaction pathway: 

CH4 ---> CH3 • --> c;H6 -> c;H4 ---> CO--> C02 
This simplified scheme demonstrates that the challenge in catalyst development (and 
to some extent also in reactor design) is to find means to suppress the oxidation of 
ethylene relative to that of the methane activation, the first and slowest step of the 
sequence. 

A detailed kinetic analysis of all the reaction steps involved ( and their mutual 
influence) would require many years of research and is clearly outside the scope of this 
thesis. However, some insight in the kinetics of the initial step, the conversion of 
metbane is quite valuable. This was done by "differential measurements", i.e. 
experiments at a very limited conversion level. Two catalysts were studied: Li/MgO (by 
my colleagne, Ref. 1) and Li/CaO. The resultsfor the two catalysts agree with respect 
to the metbane reaction order, which is close to one for both. However, regarding 
oxygen. a zero order was found for LijCaO and 0.6 for Li/MgO. lt is not possible to 
distinguish between an Eley-Rideal mechanism or a redox mechanism. In any case 
metbane is supposed to react directly from the gas phase with the active sites, which are 
fully occupied ( or oxidised) by oxygen in case of Li/CaO, and partly in case of Li/MgO. 

Kinetic experiments carried out with ethane and ethylene, using Li/MgO as a catalyst 
at about goo•c, revealed that ethane reacts faster in the presence of oxygen than 
ethylene, which in turn is converted much faster than methane. 

Finally, it was attempted to simulate the catalytic methane oxidative coupling process 
by modifying the ·model for purely homogeneons reactions (Chapter 4). The results 
make clear that the action of the catalyst is not merely that of a methyl radical 
producer: probably it also acts as a (non-selective) radical consumer. Moreover, it bas 
been experimentally proven that the catalyst accelerates the conversions of ethane and 
ethylene along the main reaction path. Much more data will be necessary before a 
reliable model, based on elementary reactions can be presented. 

'-2 INTRODUCfiON 

When tbis investigation was started only little information was available in the open 
literature about the mechanism of the oxidative coupling process (see Figure 1.6). This 
information is essential for the reactor choice to be made and for its design. It can be 
useful in the development of new catalysts also. To elucidate the kinetics, it is required 
of course to work at relevant process conditions. So, these have to be known first. 
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Furthennore, determination of kinetic parameters is only useful when the reaction 
mechanism is known, which information was not available either. During the time 
interval of this study a lot of discussion in the literature and at congresses about 
mechanistic aspects bas taken place (for an example about ethylene being a primary or 
secondary product, see Refs. 2,3,4,5). 

The large amounts of catalysts available (Refs. 6,7,8) make it impossible with respect 
to time and money to investigate the kinetics of all of them. Therefore, it would be nice 
if conclusions could be drawn fora group of catalysts in general by investigating'only 
a couple of representatives. 

Two subjects in particular have received less attention in the literature, although they 
are regarded to be of utmost importance. Firstly, the effect of elevated pressure on 
the kinetics is very interesting, in particular from an economie point of view. Secondly, 
the reactions take place according to a complicated system of catalytic reactions and 
of free radical reactions in the gas phase. In this respect it is important to know the 
interaction of radicals with the surface and the role of the catalyst ( = surface) in 
producing and consuming radicals. 

6.3 INFLUENCE OF PROCESS CONDITIONS 

Introduetion 
To determine the process conditions relevant for the catalytic oxidative coupling of 
methane experiments have been carried out in which the influence of the oxygen partial 
pressure, the helium partial pressure and the size of the post-catalytic space were 
varied. A lithium doped magnesium oxide catalyst was used. These experiments, which 
are preliminary to the investigation of the reaction mechanism and kinetics described 
later in this chapter, lead to the definition of optimal process conditions for the 
production of ~ hydrocarbons. The reaction scheme that will be deduced in the next 
section is already used bere to explain the phenomena observed. 

The micro fixed bed reactor set-up described in Chapter 2 was used with a reactor 
similar to Figure 2.2, but with an unreduced post-catalytic space. 

Influence of the oxygen partial pressure. 
The influence of the oxygen partial pressure on the oxidative coupling of methane was 
determined at a total flow of 125 Ncm3 /min, W /F = 0.48 g8/Ncm3 and a constant 
methane partial pressure of 0.6 bar. Figure 6.1 shows a pseudo optimum in the ethylene 
selectivity at an oxygen partial pressure of 0.04 bars. At low oxygen partial presstueS, 
the carbon monoxide and carbon dioxide selectivities approach zero. This is to be 
expected, since in the absence of oxygen only pyrolysis reactions can occur aód, hence, 
only ethane, ethylene and acetylene can be formed. The reactión mechaóism proposed, 
shown in Figure 6.2, also suggests that at a higher oxygen partial pressure, i.e. a higher 
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conversion level, a shift from ethane to 
ethylene to carbon monoxide occurs. 

With increasing amounts of oxygen in the 
feed, the cambustion reactions become 
more and more predominant. Finally, 
mainly CO and C02 are observed. 

lnfluence of the helium partial pressure. 
The influence of the helium partial pressure 
was determined at a steady total flow of 120 
Ncm3fmin and a constant methanefoxygen 
ratio of five. From Figure 6.3, it appears 
that a higher helium partial pressure, which 
means a dilution to a higher extent, results 
in higher selectivities to ethane and 
ethylene and lower selectivities with respect 
to co and co2. 

Otsuka (Table 1.2, Refs. 8 and 9) owes 

Figure 6.2: The proposed reaction scheme for the . 
methane oxidative coupling. Not shown is the 
direct catalytic pathway from methane to carbon 
dioxide. 
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Reaction mechonism and kinetics 73 

terms of absolute mole ~H4 per weight of catalyst per second, was very small. 
This can be explained by the fact that the formadons of ethylene and ethane are of 

a lower reaction order than the production of carbon oxides. This will be shown to be 
the case indeed in Section 6.6. 
The effect of elevated pressure will be discussed in Section 6.5 and will show that the 
trend of the curves of Figure 6.3 will proceed at the left side of the vertical axis, i.e. a 
total system pressure larger than one. 

60 ,---------------, 

:> 
ö 40 
0 
oö 

>-
1-

> 
i= 20 
0 w 
_J 

lli 

Cc::JrvPLETE OXYGEN CONVs=l$10\1 

E~ 

~~ 
~ co~ 
+ 

CH4 CONV .. . . . . . 
O'-----'------'---_J 

0 5 10 15 

POST -CAT. SP ACE (cm') 

Figure 6.4: The dependenee on the size of the 
post-catalytic spaee for complete oxygen 
conversion. T=SOO"C, CH4/02 =10, CH4/He=0.8, 
W/F=1.2 gs/cm3

, F=67 mi/min. 

60 ,----------,------" 100 

02 ~.0NV. 

:> 40 z 
0 
0 

ob 

>-
f-> 20 
i= 
(J 
w 
_j 
w 
{f) 

r cÀ. 

C,.H. 

80 

.P 
60 0 

0 z 
< m 

40 Ol 
0 z 

20 ~ 

0 '-----'-'-------L----'--_j 0 

0 5 10 15 20 

POST -CAT. SPA CE (cm"l 

Figure 6.5: The dependenee on the size of the 
post-catalytic space, wlien the oxygen conversion 
is not complete. T=770"C, CH4/02=4, 
CH4/He=0.8, W /F=0.6 gs/cm3

· 

Varlation in the sizes of the pre- and post-catalytic spaces. 
Both catalytic and thermal activation of the oxidative coupling of methane can occur, 
as is clearly shown in Figure 5.1. Thermal activation before the reaction mixture bas 
reached the catalyst bed, i.e. reactions in the pre-catalytic space, can be minimized by 
shortening the ( corresponding) residence time, see Figure 3.6. As it is known that 
additives in a methanefoxygen mixture can facilitate the thermal activation, see for an 
example Section 4.4 (additive bèing ethane), it will be very interesting to know what 
happens after the bed, where products are present. Figure 6.4 shows an experiment in 
which the space after the catalyst bed, which was heated at the same temperature as 
the catalyst bed itself, was varled in a way described in Chapter 2, Ref. 10. The process 
conditions were carefully chosen so that the conversion in the pre-èatalytic zone was 
negligible and that the oxygen, which was in short supply became completely converted 
within the catalyst bed. 
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It can be clearly seen in Figure 6.4, that the methane conversion is practically 
constant. So, evidently, methane is not reacting in the absence of oxygen. Furthermore, 
selectivities with respect to the carbon oxides are hardly influenced by changing the 
post-catalytic space, which means that the water gas shift reaction, (water and hydrogen 
are present as reaction products ), is rather slow compared to the cracking reactions. 
The most important reaction that takes place is the conversion of ethane into ethylene. 
This means that, in a commercial process, a large empty space after the catalyst bed 
(fixed or fluidised) can have the beneficia} function of an ethane cracker which 
improves the ethylene yield and utilizes part of the excess heat of the oxidation 
reactions. 

Quite different results were obtained when similar experiments were carried out at 
conditions where the oxygen is only partly consumed in the catalyst bed. The remaining 
oxygen appears to react for a great deal with other molecules than methane, as shown 
in Figure 6.5. As a result less ethylene and ethane and much more CO is produced. 

Conclusions 
CombiDing the conclusions from this section enables the definition of optimal conditions . 
for the production of higher hydrocarbons from methane by oxidative coupling. These 
conditions can be qualitatively defined by: 

-a low oxygen partial pressure 
-a smalt pre-catalytic space 
-complete conversion of oxygen within the catalyst bed 
-utilization of the post-catalytic space as an "ethane cracker" 

Regarding the oxygen partial pressure it bas to be noted that the lower it is the higher 
is the Cz selectivity. However, also the conversion decreases with decreasing oxygen 
concentration, thus, for an optimal Cz yield an optimal oxygen partial pressure exists. 

6.4 INVESTIGATION OF INDMDUAL REACTION STEPS 

Introduetion 
To elucidate the importance of various reaction steps in the oxidative conversion of 
methane, experiments were carried out with three reaction products: ethane, ethylene 
and carbon monoxide. These products were studied separately in oxidation experiments 
withand without a catalyst. Moreover, the effect of admixing them toa methane/oxygen 
feed was investigated. All experiments were carried out in a micro flow tubular quartz 
reactor which was either empty or filled with lithium doped magnesium catalysts at a 
temperature of 800 •c. The reactor set-up is described in Section 2.3. and the 
prep~ation metbod of the Li/MgO catalyst in Section 2.5. Conditions were chosen 
similar to those used in methane oxidative coupling experiments. 
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Results & Discussion 
First, experiments were carried out in an empty reactor. The results are shown in 
Figures 6.6 and 6.7. It appears that ethane is oxidized much easier than methane, which 
starts to be converted at a much higher temperature (A figure is oot shown; the 
temperature difference is more than 150 • C). The main product is ethylene. Ethylene 
is oxidized even faster than is ethane, the main product being CO. The difference in 
oxidation rate between ethane and methane correlates with the difference in C-H bond 
strengthinthese molecules (CH4: 435 ± 4 kJ/mol,<;~: 410 ± 4 kJ/mol (Ref. 11)), 
and the fact that hydrogen abstraction undoubtedly is the rate determining step (Ref. 
12). The high reactivity of ethylene must be due to the fact that oxygen or oxygen
containing radicals attack the double bond. The fact that the conversion level of 
ethylene is lower than tbat of ethane is not reflecting kinetics. The only reasou is that 
oxygen consumption is complete in both cases and that the oxidation of ethylene 
consumes much more oxygen per hydracarbon molecule than methane oxidation does. 

Similar experiments were next carried out in a reactor filled with the lithium/ 
maguesium oxide catalyst. The results are surprisingly similar to those just described, 
except for a remarkable shift in the selectlvities with respect to the carbon oxides, as 
shown in Figures 6.8 and 6.9. Apparently, the oxidation of CO to 002 is strongly 
accelerated by the catalyst. Additional evidence sterns· from a similar shift that was 
observed during the deactivation of the catalyst in the methane oxidation experiments 
(Figure 6.10). 
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Direct proof of the activity of the catalyst for CO oxidation is produced by separate 
CO oxidation experiments, as shown in Figure 6.11. Initially, very high rates are 
achieved with a catalyst. Significant deactivation occurs, which may be explained by 
poisoning of the catalyst by C02, as proven by Korf et al. (Ref. 13). However, even after 
catalyst deactivation, the conversion level of CO is an order of magnitude larger than 
in the absence of the catalyst. 

Although the oxidation of ethane and ethylene separately fed to the reactor gives 
valuable information, cofeeding with methane is even more interesting. Ethane is 
present in natural gas, and moreover, recycling of the ethane is of interest to improve 
the ethylene yield. Cofeeding of ethylene is particularly useful to obtain more reliable 
data on its stability (its relative reactivity with respect to methane) under actual reaction 
conditions. The results of ethane and ethylene cofeeding (Figures 6.12 and 6.13) show 
remarkable similarities. All the corresponding curves in these figures have practically 
the same shape. It seems to make no difference whether ethane or ethylene is fed to 
the methanefoxygen flow. Apparently, ethane is rapidly converted into ethylene, maybe 
even before methane oxidation starts. 
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The top diagrams in Figures 6.12 and 6.13 show the actual conceri.trationt of i:nethane 
and hydrogen, corrected for the' smaU changes in the total vol\Irile thaf occur. The feed 
gas contains 45 mole% of methane; the height of the sha.ded area therefore represents 
the methane conversion. It' is clear that the addition of C{s to the feed stream 
decreases thè melbane conversion, because part of the oxygën available is consumed 
by the ~·s added. The two extra hydrogen atoms of ethane, in oomparisou to ethylene, 
cause somewhat higher hydrogen and watèr concentrations at the outlet of the reactor 
than in the case of ethylene addition. Furthermore, it is shown that the mote <; is 
added, the more carbon monoxide is produced, which is in agreement with the ethylene 
experiment&; see Figure 6.7. This CO is oxidized forther to C02, the prodUction of 
which also increases. However, at high.ä.ddedmole fractioD.s, the oxygen is used by ~·s 
before co can be oxidized, and this results in a diminished co2 production. 

The <; concentradons are shown a hundred-fold magnified in Figures 6.12 and 6.13. 
No C4-products could be detected. The C3 production is euhanced by ~ cofeeding, but 
tbe amounts formed remain relatively smalt. Methane oxidation thus appears to be ·a 
rather selective process for the production of ethyl ene, particularly if ethane is recycled. 
One should realize however, that the net ~ production rapidly decreases when ethane . 
is added. It is already zero at an added mole fraction ethane of 2 %, see Figure 6.12. 

.Fipre '-14: Proposed reaction scheme. A direct 
eatalytic pathway of methane to carbon dioxide is 
not shown. The thick arrows indicate the main 
reaction route. 
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Conclusions 
It is believed that the oxidative methane coupling mainly occurs via radicals and that 
an appreciable part of the reaction sequence takes place in the homogeneaus gas ph~. 
The simplified scheme of Figure 6.1 is again shown in Figure 6.14. However, now the 
main reaction pathway as emerges from our results is indicated in. bold arrows. 

The catalyst plays an essendal role in at least two reaction steps: besides the 
initiadon reaction. the oxidation of CO to 002 is also catalyzed. as is established in 
this worlc. As it is known that high initial ethane selectivities can be achieved (Refs. 8 
and Figure 4.3), CH3 radicals apparently first combine to ethane. This ethane is then 
very rapidly converted into ethylene, which is forther oxidized into carbon monoxide 
either directly or via formaldehyde. The c; products play a minor role in this 
mechanism due to their low formation rates. Calculations with a computer simulation 
program. see Ref. 14, have confrrmed this. 

In conclusion. it can be said that the conversion of methane to ~ is relatively slow 
in comparison to the oxidation of ~ into CO. This puts serious constraints on the 
maximum attainable yield. A graphical representation of the attainable yield as a 
function of conversion is given in Figure 6.15, which is calculated according to the 
simplest parallel-consecutive reaction scheme, and assumes that all reactions are first 
order with respect to the hydrocarbon. and that they all similarly depend on the oxygen 
partial pressure (Ref. 15). The data points in Figure 6.15 show that the catalyst studied 
bere corresponds to k2/kl = 0.25 (initial selectivity = 80%) and k3/k1 = 3. Both 
excellent initial selectivities and low relative cambustion rates of ethylene are required 
to obtain high selectivities at a reasonable conversion level. 

6.5 ELEVATED PRESSURE EXPERIMENTS 

Introduetion 
Economically, it is very interesting to work at higher than atmospberic pressures. 
Smaller, and thus cheaper, process equipment can be used and especially the expensive 
compressor (Ref. 16), required to recycle the surplus methane over the reactor, can be 
replaced by a much cheaper one. 

Elevated pressure experiments may reveal kinetic insight of the reactions of the 
oxidative coupling of methane. In particular, the effect of pressure on the relative 
contribution to the conversion level of catalytic and homogeneons gas phase reactions 
is an important factor for catalyst development. Furthermore, in view of tbe 
exothermicity of the reactión. information about the reaction rates, and thus the 
reaction heat produced, at elevated. pressores is important for th~ design of reactoi"S. 

The effect of pressure op. tbe oxidaticye, ci>upling of methane bas n<;>t yet extènsiv~ly 
been investigated; In the Hterature SO·c.à.lled high pressure expe.riments . hcwe been 
reported by a group of Japanese workers (Ref-s. 17,18,19).for the homogeneo~s gas 
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phase reàctions. The reactor pressure amounted to 16 bars. However, more than 84% 
of the feed consisted of nitrogen, so, the actual pressure of reactants was only 2.5 bars. 
Catalytic experiments described by Labinger (Refs. 20 and 21) did oot exceed 3 bars. 

A very simple reasoning regarding the pressure effect to be expected is: an increased 
pressure will give an increased methyl radical concentration, which in particular 
increases the ethane formation rate, because that reaction is second order in methyl 
radical concentration. So, a beneficia! effect would be expected. However, above 
reasoning doesn't take into account the concentration change of other species, which 
indeed are involved in the model described in Chapter 4. Simulations with this model 
showed a large pressure dependenee of both methane and oxygen conversion. In 
contradiction to the simple reasoning above the model prediets a c; selectivity loss. 
Above 5 bars the pressure effect on selectivities would oot be very strong. This is 
confirmed recently by Zanthoff et al. (Ref. 22). 

In our laboratory, preliminary experiments showed that the influence of pressure on 
methane conversion was small, but a significant c; selectivity increase was observed 
when lowering the pressure, see Figure 6.3. Furthermore, for the oxidative 
dehydrogenation of ethane the pressure effect was large, see Section 6.6. 

In order to investigate the effect of pressure a set-up bas been designed and 
constructed, as is described in Chapter 2, to measure under elevated pressures. 

Results and discussion 
Experiments have been carried out using an undiluted CH4/02 feed with both an empty 
reactor and a reactor filled with the U/MgO catalyst. By changing the flow rate with 
pressure, the residence time in the reactor was kept constant. The lithium doped 
magnesia used was aged for 5 days to get a stabie catalytic performance. 

Figure 6.16 shows the conversions and selectivities for the empty reactor. At the short 
residence time applied, no measurable methane conversion occurs below 4 bars. 
Apparently, the residence times applied are shorter than the induction time. At 
approximately 3.5 bars the radical concentration bas reached a level whereafter a rapid 
growth of their concentration occurs and results in a kind of spontaneous "ignition" of 
the reaction. The conversion of oxygen and methane rapidly increases as pressure 
increases, with a simultaneous shift from ethane to ethylene to carbon monoxide, The 
carbon dioxide partial pressure is rather low. This is in agreement with the simulations 
of Chapter 4 and with Figure 6.11 which both show that the oxidation of carbon 
monoxide in the gas phase is a relatively slow process. 

The influence of the pressure on the catalytic reactions is shown in Figure 6.17. The 
methane conversion is oot influenced by changing the pressure as was the case for the 
homogeneous gas phase reactions, see Figure 6.16. An increase in pressure results in 
dramatically lower c;+ selectivities and higher COx production rates. 

In Section 3.4 it bas been shown that the oxygen conversion is a good measure for 
the heat production. So, it cao be directly seen from the Figures 6.16 and 6.17 that the 
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heat production per reactor volume increases more than linear with pressure, which 
certainly will put its stamp on the reactor design. 

Conclusions 
It is feasible to carry out the oxidative coupling of methane under elevated pressures, 
however, dramatic loss of the desired ~ products occurs. The heat production per unit 
of volume of the reactor increases more than linear with pressure, which easily results 
in heat transfer limitations and can result in hot spotsoreven run-away of the reactor. 

lt bas been clearly shown that the pressure dependenee of the homogeneous gas 
phase reactions is much larger than of the catalytic reactions. So, (non-selective) gas 
phase reactions become more predominant, which implicates that catalysts should not 
only be developed towards a better selectivity, but to a higher activity also. 

Combining the results of this section with those of the helium dilution (Figure 6.3) 
and kee:ping the consecutive reaction scheme in mind, the observed phenomena rise to 
a condusion about the reaction orders: for methane activation the order is about one 
.and, for. the mqdati~n of ~ ,pr:od~~ts it is sub~tantially higher.' . . 
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6.6 KINETIC MEASUREMENTS IN A FIXED BED REACTOR 

Introduetion 
Differentlal kinetic measurements may result in kinetic parameters with which the 
catalytic methane coupling can be described. This is essential for reactor design and 
process development. Before kinetic measurements of a catalytic reaction can be carried 
out it bas to be verified whether transport limitations and catalyst deactivation occur. 

It bas tumed out that the catalytic performance is not changed by changes in process 
conditions (Ref. 1). However, lossof lithium by the catalyst is a continuing process and 
causes deactivation (see Chapter 5, Ref. 23) which interferes with the determination of 
kinetic parameters. 

Transport limitations can occur in two regimes: Inside the catalyst, i.e. by pore 
dilfusion limitations and outside the catalyst, by limited mass transfer between the 
catalyst particles and the bulk gas stream. The occurrence of intemal dilfusion 
limitations was investigated by experiments with varying catalyst partiele size (0.1 to 0.8 
mm). The conversion and the product selectivity as function of time on stream for the. 
different partiele sizes showed similar curves (Ref. 1). So, pore diffusion limitations 
were absent, which was confirmed by calculations. In principle, extemal diffusion 
limitations are improbable when internat dilfusion limitations are absent. The absence 
of such.limitations was confirmed by experiments with varying linear gas velocity at 
constant contact time (W /F). Neither an effect of flow on the activity nor on the 
selectivities of the catalyst (Ref. 1) could be observed at the linear gas velocities used 
bere. 

Contrary to other authors (Refs. 24, 25) who did not consider the conversion of Cz 
products into carbon oxides, this reaction was regarded to be of utmost importance. For, 
the main reaction path of the oxidative coupling of methane over Li/MgO catalysts goes 
via methane to ethane to ethylene and finally to carbon oxides, see also Ref. 26. So, the 
main selectivity loss at high methane conversion levels is caused by cambustion of the 
ethylene produced. Therefore, the formation rate of ethylene and its dej::omposition rate 
are interesting to know. So, not only the activation of methane but also the kinetics of 
ethane and ethylene oxidation have been investigated. 

Li/MgO belongs to the group of the "non-reducible" catalysts, see Chapter 1. To be 
able to see if the results obtained for this catalyst can be generalized for the whole class 
of those catalysts, experiments with another catalyst from this group have been carried 
out. So, at first Li/MgO is considered whereafter LijCaO will be treated. 

Methane activated by lithium do.ped ma&nesium. 
For Li/MgO Cant et al. (Ref. 12, 28) concluded from isotopic experiments that C

H bond breaking was the rate determining step. Van Kasteren (Ref. 1) bas investigated 
the activation of methane at soo·c and suggested an Eley-Rideal mechanism in which 
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metbane from the gas phase reacts with adsorbed oxygen on the surface of the U/MgO 
catalyst. The methane activation reaction rate for this catalyst cao be described by the 
following rate equation: r = 0.145 ± 0.015 * P014°·9~>0·12 * P02°·62~0·13 mole CH../kg·s 
(pressures in bar). 

Overall reaction orders of metbane and OX)!leD for a lithium do.ped calcium oxide 
catalyst. 
To determine if tbe lithium doped magnesia cao be considered to be representative in 
general for tbe class of "non-reducible" catalysts, the so-called second group of catalysts 
in Cbapter 1, its kinetic parameters as presented above will be compared with those of 
another catalyst from tbe same group: the lithium doped calcium oxide catalyst (Ref. 
27). 

A micro fixed bed reactor as described previously, see Chapter 2, bas been used for 
differential measurements. The aim was to determine the overall reaction order in 
methane and oxygen during oxidative coupling of methane over a U/CaO catalyst. 

The process conditions applied were : temperatures 700 and 7so·c, pressure 1 bar, 
total flow rate = 1.67 Ncm3/s (He was used as a balance), catalyst weight = 0.100 g. 
The U/CaO catalyst was prepared according to the metbod described in Section 2.5. 

Experiments have been carried out at the edges of an imaginary box in tbe oxygen 
and metbane pardal pressure domain. The sides of tbe rectangular box are formed by 
1 and 5 kPa oxygen and 1 and 9 kPa methane. At each side 4 data points have been 
measured, wbicb brings the number of points to 12 at one temperature. To minimise 
the influence of the gas phase reactions (Ref. 14) and to work near the optimal reaction 
temperature with respect to the Cz yield (Ref. 27), the experiments have been done at 
tbe rather low reaction temperatures: 700 and 7so·c. 

To minimize the interference of consecutive reactions, the experiments were all done 
at differential conditions. Typical conversions of both methane and oxygen are from 0.5 
to 2%. From experiments not shown bere, it was evident that ethylene and carbon 
monoxide are secondary products. They were only observable at higher conversion 
levels. Carbon dioxide is believed to be a primary product as is ethane. This already 
indicates that the behaviour of this catalyst is not identical to the U/MgO. 

The rate of meiliane consumption ( = r) is calculated as: 

The results of the experiments were correlated with the very simple power law rate 
equation: 

r _ k * p nl * p tt2 
'- '014 02 
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Wherein: 

PCH4 

P02 
k 
n1 
n2 

= methane partial pressure 
= oxygen partial pressure 
= reaction rate constant 
= reaction order in methane 
= reaction order in oxygen 
= space time 

[bar] 
[bar) 
[bart-nt-n2 m3 kg·I s·l] 

[-] 
[-] 
[kg s m"3

) 

The numerical results obtained by linear regression, are shown in Tables 6.1 and 6.2. 
lt is clearly shown in Table 6.1 that, despite of the simplicity of the model applied, the 
parameters found are almost the same for both opposite edges of the box in the 
methane oxygen domain. Thus it can be assumed that the model is also valid inside the 
box formed by the experiments. 

Table 6.1: Kinetic parameters of the oxidative 
coupling of methane over a LijCaO catalyst at 
700"C. Units see above. 

P02 nl k 
0.01 1.23±0.14 2.7E-4 
0.05 0.99±0.35 1.2E-4 

PCH4 n2 
0.01 -0.19±0.22 1.5E-4 
0.09 -0.19±0.09 l.SE-4 

Table 6.2: Kinetic parameters of the oxidative 
coupling of methane over a Li/CaO catalyst at 
75f1'C. Units see above. 

Po2 n1 k 
0.01 0.76±033 3.1E-5 

PCH4 n2 
0.01 -0.27±0.14 3.7E-5 

From the data of Tables 6.1 and 6.2, the order in methane seerns to be unity, whereas 
the oxygen reaction order is slightly negative. This can be explained by assuming that 
oxygen inhibits the reaction by poisoning the LijCaO catalyst. Speculating, this may 
occur by the formation of less active 03 species, which were observed by Wong et al. 
(Ref. 28) and reported by Che et al. (Ref. 29). 

The most plausible and simpte explanation for the data obtained, however, is a 
catalyst surface that is oxidised (n2 = 0, the oxidation is fast) and gas phase originating 
methane that reacts on the surface in the ra te determining step ( = hydrogen 
abstraction, n1 = 1). 

For the Li/MgO catalyst a similar reaction order in methane bas been fo~nd. 
However, the reaction order in oxygen is quite different. Van Kasteren concluded that 
an Eley-Rideal mechanisrn, in which methane from the gas phase reacts with adsorbed 
molecular oxygen in the rate determining step, could describe the Li/MgO well. The 
Li/CaO, having a methane reaction order of one and an oxygen reaction order of zero, 
might be described by three models, more sophisticated than the power law model. All 
three involve CH4 reacting with a kind of oxygen as the rate determining step. The first 
model assumes that molecular oxygen adsorbs irreversibly on the surface (redox 
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mechanism). The other two models assume reversible dissociative adsorption of oxygen 
and either reaction with methane from the gas phase (Eley-Rideal) or reaction with 
methane reversibly adsorbed on sites different from the places where oxygen adsorbs 
(Langmuir-Hinshelwood). The latter two models are almost identical. 

Ethylene oxidation 
For both the homogeneons and hetero
geneons (U/MgO) ethylene oxidation the 
kinetic parameters were determined, see 
Table 6.3. All the ethane and ethylene 
oxidation experiments that will be described 
in this chapter were carried out with a 
micro flow reactor set-up, which is 
described in Section 2.3, in combination 
with the specially developed reactor, Figure 
2.5, (which bas a "block-form" temperature 
profile, Figure 2.6). Experiments have been 
carried out with varying oxygen feed 

Table 6.3: 
The kinetic parameters determined for the 
oxidation of ethylene. Catalyst is Li/MgO, 
T=74s•c. 

Homogeneous Heterogeneous 

Order in 0 2 

Activation 
energy (kJ /mol) 

0.58 

194 

0.73 

1.38 

165 

concentradon from 5 to 20 mole % at a fixed concentradon of ethylene (20 mole %) 
in order to determine the oxygen reaction order. The roles of ethylene and oxygen were 
changed for the determination of the ethylene reaction order. Because it was believed 
that the activation energy was dependent on temperature, a rather short temperature 
range was takenforits determination: 762 to 81l"C for the homogeneons and 727 to 
797"C for the heterogeneons case. The reaction orders have been determined with an 
accuracy of ± 0.4. For the catalytic oxidation of ethylene the order in oxygen is higher 
than it is in the oxidative coupling of methane, which partly explains why a low oxygen 
partial pressure favours the Cz hydracarbon selectivity. The two activadon energies 
derived from the experiments are both lower than the literature values of the initiation 
reactions of an ethylenefoxygen gas mixture, see Table 6.4 (Refs. 30,31,32). This is to 

Table6.4: 
Activation energies of initiation reactions 
ethylene/oxygen gas mixture containing impurities. 

be expected, since part of the 
of an ethylene is converted by the 

propagation reactions, having low 

Initiation reaction E ... (kJ /mol) Ref. 
activation energies and also 
because the catalyzed reactions are 
expected to have lower activation 
energies. At 746 ·c and at both an 
oxygen and an ethylene partial 
pressure of 0.2 bars, the ratio of 
the heterogeneaus and homo
geneons reaction rates is almost 

---> C2HS + H 
---> 2C2H3 

--- > C~s + C~l 

---> 
---> 
---> 

285 
286 
280 
299 
241 
379 
324 
371 
332 

28 
28 
27 
28 
28 
28 
27 
28 
29 

3 m
3 

gas phase /m
3 

catalyst bed· 
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Ethane oxidation 
Kinede parameters of ethane oxidation have been determined for the homogenèons gas 
phase only. Direct oxidation of ethane into carbon oxides is not an important reaetion, 
since the initia! selectivity with respect to ethylene is nearly 100%. The reaction order 
is 0.96 in oxygen and 0.19 in ethane. This reaction is strongly pressnre dependent {a 
smalt pressnre increase from 1.2 to 1.8 bars resnlts in an ethylene selectivity drop of 
over 40% and an increase in ethane conversion from 28 to 85 % ). Homogeneons and 
heterogeneons reaction rates will be compared at slighûy elevated pressnre. In case of 
homogeneons experiments the reactor pressure is indicated. In case of heterogeneons 
experiments the high flow rates applied caused a pressure drop, from the indicated 
pressure {see Table 65) to atmospheric pressure, over the catalyst bed. In Table 6.5 the 
comparison is shown and it is evident that the U/MgO is active in converting ethane, 
note that the average reactor pressure is less in the catalytic case. Of course this result 
is not surprising, sinee methane and ethane are molecules of the same kind. At s02•c 
the heterogeneons reaction is shown to be a factor one and a half times faster. At 
833•c the catalyzed reaction is limited by the complete oxygen conversion. Oearly 
shown is the worse ~ selectivity where a catalyst is used. 

Table6.5: 
Comparison of catalytic (U/MgO) and gas phase ethane activation. Conditions: <;HJHe=0.14, 
OJHe=0.18, F=72.4 cm3/min, v_,=0.251 cm, W=0.47 g. 

soz•c 833•c 
(1.75 bar) (1.55 bar) 

catalyst gas phase catalyst gas phase 

Selectivity (%) 
~ 46.0 45.0 58.8 
co 40.8 36.8 35.1 
co2 9.6 16.7 1.1 

Conversion (%) 
02 56.8 20.9 100.0 45.1 
~ 51.6 33.9 79.3 82.5 

RateC2JI6 (l<f mol/m3 s) 1.39 0.91 1.86 1.97 

Discussion 
A comparison of the reaction rates of the various hydrocarbons relevant for the 
oxidative conpling are given in Table 6.6. The data for ~H4 and for CH4 were 
calculated from the rate eqnations as presented in this ehapter. It is clearly shown that 
the decomposition rate of ethane is 8.7 times the activation rate of methane, under 
identical e<>nditions. For ethylene this value is 3, which happens to be the same value 
as found from simpte kinede eonsiderations, see Figure 6.15. 
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The reaction parameters determined 
under differentlal conditloos were used to 
model integral experiments, but they failed. 
In our opinion, this is at least partly due to 
the interaction of the various species that is 
plausible to occur. This interaction is not 
involved in the model, where parameters 
are used obtained from differential 
experiments in which only one hydracarbon 
is considered. An example will make things 

Table 6.6: 
Reaction rates of U/MgO catalyzed reactions of 
oxygen with hydrocarbons. Conditio~:· T"'802"C. 
P,01 = 1. 75 bar, Hydrocarbon/He "'0.14, 
O:JHe=0.18. 

16 
139 
49 

more clear: (I) In Sectlon 4.4 it was shown that minor amounts of ethane added to a 
methanefoxygen/helium mixture could result in a ten-fold methane conversion. (H) 
Roos (Ref. 33) reported an inhibiting effect of methane on the oxidation of ethane. A 
possible explanation might be the substitution of ethyl by methyl radicals by H transfer 
in the first case (I) and the other way around in the second case (11). 

Reaction: CH4 + ~Hs· <----> CH3• + ~H6 
This type of interaction of methane and ethane is not covered by the kinetic parameters 
presented. Thus, further research devoted to those interactions is required. 

Although a perfect fit with integral measurements could not be obtained, the kinetlc 
parameters are useful for the design and comparison of various types of reactors at a 
commercial scale (Chapter 7). 

Conclusions 
The activatlon of methane over a Li/MgO catalyst can be described by an Eley-Rideal 
mechanism in which methane from the gas phase reacts with adsorbed molecular 
oxygen. This reaction is about first order in methane and about half order in oxygen 
when described by a power law equation. Por a Li/CaO catalyst those values are one 
and zero respectively, indicating that the oxygen adsorption is relatively fast in this case. 
Methane, most probably coming from the gas phase, reacts with adsorbed oxygen in the 
rate determining step. So, the behaviour of both catalysts is quite similar. 

The Li/MgO catalyst activates both the conversion of ethane into ethylene and the 
oxidation of ethylene into carbon oxides. The decomposition reaction rate of CR.., ~. 
and ~~ increase in the order given. They are all catalyzed, so it seems possible to 
develop a catalyst in such a way that it activates the methane and ethane only. The 
ethylene oxidation can than be minimized, which will result in high selectivities even at 
high methane conversion levels. 



6.7 KINETIC MODELLING 

The trends of the effects of Table 6.7: 

temperature, dilution and CHJ02 on 
the selectivity of the reaction are very 
similar for both homogeneaus gas 
phase reactions and the U/MgO 
catalyzed reactions. We therefore 

Experiments and simulations of both catalytic and 
homogeneons gas phase reactions. Reactor made of 
quartz. 
Conditions: T=SOO"C, P=l bar, CH..f02=10. 

assume that the reaction scheme is 
valuable for the catalytic reactions as 
well. A major difference is the 
formation of CH3 radicals, the key 
component for a good ~+ selectivity, 
see Figure 4.7. A catalyst favours the 
(irreversible) formation of this radical 

Tune [s] 
0 2 conv (%] 
CH4 conv [%] 
C2+ sel [%] 
CO. sel [%] 
CH3• [mol/m3

] 

Homogeneons 
Exp. Sim. 

4.6 
28.2 
4.1 
51.1 
48.8 

7.9 
28.2 
4.2 
49.7 
50.0 
5.9E-4 

catalytic 
Exp. Sim. 

6.0 
92.8 
13.4 
76.2 
23.8 

05 
92.8 
20.2 
76.9 
22.8 
2.3E-3 

(Ref. 34), involving oxygen and resulting in much higher levels of CH3 radicals. Thus 
higher rates and higher coupling efficiencies may he achieved using a catalyst. In Table 
6.7 simulations and experiments are shown, for both catalyzed and homogeneaus gas 
phase reactions. The catalyst is simulated by a set of reactions that equals the overall 
reaction: 4 CH4 + 0 2 --- > 4 CH3 + 2 H20. The same oxygen conversion level was 
chosen to he able to campare the selectivities, see Secdon 4.2, and the catalytic CH3• 

formation rate was adjusted to obtain similar 
selectivities. As is shown in Table 6.7, indeed the ~ 12 

higher CH3 radical formation rate results in a 
higher reaction rate and a higher ethane 
selectivity. The simulated reaction time, however, 
is too short compared to the experimental value. 
Therefore, it is assumed that the catalyst also acts 
as a radical sink. Radicals collide with the surface 
and react to less active molecules. This lowers 
the radical concentradons and slows down the 
conversions of methane and oxygen. 

lwamatsu et al. (Refs. 35,36) have shown 
correlations of yield and specific surface area for 
a large number of catalysts which reveal the wall 
as an important parameter for the reaction. 
Tentative calculations have been performed to 
investigate the contribution of the pore wall to 
the consumption of CH3 radicals formed in the 
homogeneaus gas phase as a tunetion of the pore 
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Figure 6.18: Fractional consumption of 
CH3• by the wall versus pore radius. Only 
homogeneons gas phase radical formation is 
considered. 



Reaction mechanism and kinetics 89 

radius. The basic assumptions were: CH3 production rate was only related to the 
homogeneous gas phase volume, the reaction of CH3 at the wall is infinitely fast (so, 
its concentration at the wall is zero and the process is diffusion limited), CH3 equals 
CH4 diffusivity. In Figure 6.18 it is clearly shown that even at pore diameters of reactor 
scale the wall influence is noticeable. 

Furthermore, the explosion literature confirms the effect of the wall (sudace) on the 
occurrence of radical chain reactions (explosions) (Refs. 37,38). 

Conclusions 
Simulations have made clear that the Li/MgO catalyst caooot be described as a methyl 
radical producer only: probably it also acts as an (non-selective) radical consumer. The 
influence of the wall ( = reactor wall, catalyst surface) on the reactions is most probably 
larger than generally is supposed. 
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7 ETIIYLENE FROM NATURAL GAS BY 
DIRECT PARTlAL OXIDATION. 

A process design and economie evaluation study. 

7.1 SUMMARY 

91 

A new process bas been designed for the production of ethylene from natural gas; 
methane, the main component of natural gas, is directly partially oxidised into ethylene 
by oxygen. In an economie evaluation, this process can be compared to naphtha 
cracking which is the most important commercial process for éthylene production 
presently. For the direct pardal oxidation process, three different reactor types have 
been designed: a multi-tubular, a multi-stage and a fluidised-bed. The performance of 
tbe catalyst used was based on both data from literature and experiments. On the basis 
of a process flow diagram, material balance and equipment specification, the 
investments and tbe profitability have been estimated and compared witb their 
equivalents of the naphtha cracking process based on a simplified flow sheet for an 
existing plant. A yearly ethylene production of 350,000 tons was assumed and the same 
plant location was chosen for botb processes. It turned out that the direct pardal 
oxidation process is tecbnically feasible, and that it can be very attractive economically 
wben better catalysts are developed. It therefore appears a very promising new metbod 
for tbe production of ethylene. 

7J. INTRODUCfiON 

Ethylene is the most important chemical from the petrochemical industry. In 1988 its 
total production was 54 million tons (Ref. 1). Oil is by far the most important souree 
of ethylene. Most other feed stocks (see Figure 7.1), except for ethane tbat originates 
from natural gas, are of less interest economically, and when they are used it is often 
for political reasons. However, when the R/P ratios (proven reserve divided by annnal 
consumption) of oil and natural gas are compared, see Figure 7 2 (Ref. 2), it is evident 
that the latter will be available for a longer period of time. Furthermore, remote natural 
gas fields and the excess natural gas from oil production call for a process to convert 
the gas into useful chemicals. Methano~ being an alternative for ethylene, bas the 
disadvantage that its production route via synthesis gas (a mixture of CO and hydrogen) 
is rather expensive, whereas direct pardal oxidation of natural gas into methanol is far 
from a commercial proposition, see Ref. 3. Great research efforts are. being ~t 
nowadays .on the oxidative coupling of methane and this is justified for the reasons 
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mentioned above and for the fact that a 
profitable process based on the oxidative 
coupling of methane may be within reach 
soon. Indeed, it was reported in 1986 that 
the prospects of this new process are very 
good (Ref. 4). 

In Figure 7.3, the performance of the 
best catalysts and results of non-catalytic 
experiments, as found in tbe literature, are 
shown. A complete list of the catalysts is 
given in Ref. 5. For tbe present feasibility 
study, two starting points have been chosen 
arbitrarily: Case A (30% methane 
conversion) and Case B (50% methane 
conversion) as indicated in Figure 7.3 by 
the circles. 

Figure 7.3: Survey of methane conversions and C2 The reaction mechanism ofthe oxidative 
hydrocarbon selectivities. coupling of methane actually oomprises a 

very complex set of catalytic reactions and 
gas phase radical reactions (Refs. 6 and 7). However, an extensive kinetic study with a 
Li/MgO cátalyst, carried out in our laboratory, bas pointed out that simplifications 
could be made which do not alter the basic kinetic scbeme. In the calculations, only 
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REACTION RATE k * pnC,.H. * pm 
o. 

REACTION k n rn Eact 
[mol·g-'·s-'bar ..... '"'] [k-J/mol] 

1 0.016 0.9 0.3 100 
2 0.2 1.4 0.7 150 
3 0.02 0.5 1.5 70 

Figure 7.4: Simplified reaction scheme and kinetic data used for reactor design. 

<;Hx (ethane and ethylene in a fixed ratio of 2:3) and COx (carbon monoxide and 
carbon dioxide in a fixed ratio of 1:1) were considered as the reaction products and 
only three reactions, representing the main reaction paths (Ref. 7), were taken into 
account. The kinede data used is shown in Figure 7.4 and give the selectivity-conversion 
relationship as is shown in Figure 7.3, with anideal plug flow reactor. 

7.3 REACI'OR AND PROCESS DESIGNS 

Designs are based on a plant capacity of 350,000 tons of 
ethylene per annum. Oxygen and Dutch North Sea Gas 
(so-called Balgzand natura! gas) are taken as the feed 
stocks, see Table 7.1. The natura! gas is purified to 
remove the higher hydrocarbons and sulphur containing 
components before it enters the coupling reactor. The 
feed conditions are 7oo•c and 1 atmosphere pressure in 
all cases. Elevated pressures have not been considered, 
because preliminary calculations and experiments showed 
a dramatic toss of ethylene selectivity at high pressures. 

Three reactor types are considered: a multi-tubular 
packed bed reactor, a multi-stage reactor (a series of 
adiabatic fixed beds with interstage cooling and oxygen 
feeding), and a fluidised bed reactor. 

Table 7.1: 
Composition of Balgzand natural 
gas. (in vol %) 

CH4 88.3 
CA 43 
~H8 0.89 
i-C4H 8 0.11 
n-C4H8 0.17 c.. 0.108 
C02 1.65 
N2 4Zl 
He 0.055 
S (mg/m3

) 6-10 
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The multi-tubular reactor, although 
capable of giving 80% C:z+ selectivity at 
30% CH4 conversion and 50% C:z+ 
selectivity at 50 % CH4 conversion, is not 
attractive, as it appeared to be very 
sensitive for both runaway and extinction of 
the reaction. Moreover, the necessary high 
cooling temperatures demands a 
combination of molten salts and water heat
exchangers in series, and ceramic tube wall 
material, because (stainless) steel is 
catalytically active in combusting the 
hydrocarbons, see Figure 2.3. Finally, the 
impracticable great number of 100,000 

Table 7.1.: 
The designed multi-stage reactors for the oxidative 
ooupliug of methane process. 

Number of beds 
0 2 feed iu bed no. 
Reactor length [m) 
Reactor pressure [bar] 
Inlet temperature [K] 
Outlet temperature [K] 
Maximum temperature [K] 
CH.. conversion [%] 
~+ selectivity [%] 
Total heat duty [MW] 

Case A 

5 
1&3 
5.8 
1 
973 
1079 
1173 
30.0 
81.0 
250 

CaseB 

11 
1 
9.8 
1 
973 
:1073 
1173 
50.0 
53.3 
700 

tubes (diameter = 0.025 m, length = 1 m) filled with catalyst is required in order to 
produce 350,000 tons of C:zH4/year. 

A multi-stage reactor, see Table 7.2, with cooling to 7oo·c between the stages, is. 
much more flexible. The packed length of each stage bas been dimensioned to 
correspond witb a 200"C temperature rise or with complete oxygen conversion; rather 
short beds (lengths of 5-10 cm) are found. For Case A5 stages are needed with the 
oxygen feed split over stage 1 and 3. Case B requires 11 stages. Mucb higher ethylene 
selectivities than those in Figure 7 3 can be obtained if the number of stages is 
increased, see Figure 7.5; this causes a more even spread of the oxygen feed and a 

100 

CASE A: 30% CH, CCNV 

~ 
90 

>-
1-

> 80 
i= 
ü w 
_j 

70 w 
(/) 

+ 
N 
ü 60 

8: 50% CH, CCNV 

50 
0 4 8 12 16 

NUMBER OF 02 FEEDS 

Figun 7.5: ~+ selectivity as a function of the 
uumber of 0 2 feeds for a multi-stage reactor. 

Table 7.3: 
The desiglled fluidised bed reactors for cases A & 
B. 

Case A CaseB 

~ 

Number 36 43 
Diameter [m] 4.6 4.6 
Height [m] 2.3 2.3 
l>ressure [bar] 1 l 
Temperature ("C) 800 800 
Conversion [%] 30.6 50.3 
cl+ selectivity [% 1 89.7 59.4 
Duty[MW] 5.9 13.1 

Heat exçbanger tubes inside the reactors: 

Number 
Length [m] 
Diameter [m) 

83 
2.3 
0.05 

147 
2.3 
0.05 
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better temperature control. However, in order to slow down the non-selective gas phase 
reactions, the oxygen bas to be mixed very rapidly with the reactor gases in between the 
beds and this can be a problem in practice. 

A fluidised bed reactor seems to be the most suitable for this process. The design 
is based on an ideal dense phase mixing and plug flow bubble phase. Much better 
selectivities than those in Figure 73 are obtained, see Table 7.3; the low oxygen 
concentration in the dense phase being responsible. A great advantage of the fluidised 
bed is its nearly homogeneons temperature which is easy to control. Cold reactants 
can be fed into the reactor in order to prevent undesirable oombustion reactions during 
preheating. Moreover, an aged catalyst can be easily replaced, even in continuous 
operation. Details of the fluidised bed designs for Cases A and B are shown in Table 
7.3. 

Figure 7.6 shows the process flow sheet, including 
temperatures and pressures used in Case A (30% CH4 

conversion, 80% c;+ selectivity). The fixed bed 
reactor feed is preheated by heat exchange with the 
product gas. In case of a fluidised bed the oxygen/ 
methane feed is heated by the catalyst. A second 
reactor downstream of the coupling reactor, to which 
also a recycled ethane stream is fed, serves as an 
ethane cracker. This auto-thermal reactor, operates on 
the energy produced in the coupling reactor; it can be 
either a separated reactor or integrated into the 
coupling reactor as a post-catalytic zone (Ref. 8). 
Ethane is converted into ethylene ( conversion = 60%, 
selectivity = 82%, a by-product is methane (Ref. 9)). 
About 85% of the water produced is quenched in a 
water stream at 34 • C. The product gas is compressed 
from 1 to 40 bars by a three-stage compressor with 
cooling and water separation in between the stages. 
The gas flow enters the separation section at 40 bars 
together with the natural gas feed at 40 bars. A 
Catacarb unit removes most of the carbon dioxide and 
molecular sieves reduce the water and co2 content to 
ppm levels. Further product separation occurs in a 
cold box with three distillation columns, one gives the 

Table 7.4: 
Specifications of tbe process 
equipment for Case A. 

Compressor: 
C-1 
C-2 
C-3 
Turbine E-1 
Heat exchangers: 
H-2 
H-3 
H-4 
H-7 

Duty[MW] 

17.5 
18.0 
16.7 
-21.4 

3.2 
59.7 
18.8 
25.5 

Number of stages 
Distillation towers: 
T-1 
T-2 
T-3 

55 
21 
134 

Catacarb unit: 
Capacity [kmoljb] 443 C02 

Process dryers: 
Capacity [kmolfb) 79 H:P 

Ethylene storage tank: 
Number 2 
Capacity [m3

] 5400 

product ethylene and a smalt recycle stream of ethane, another produces the methane 
recycle stream and some fuel gas, including inerts. The methane recycle cools down 
the cold box feed and the released energy provided by expansion of this stream is used 
in the compression section. Specifications of the process equipment for Case A are 
given in Table 7.4, further information can be found .in Ref 5. 
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7.4 fNVESTMENT ESTIMATE 

The capital oost of the proposed new plant 
and an existing naphtha cracker (production 
capacity of 350.000 tonsof ethylene a year) 
were estimated using Miller's metbod with 
a claimed accuracy of 25% (Ref. 10). That 
metbod is based on the costs of the main 
process items, to he derived from flow 
sheets; Figure 7.6 was used for Case A, a 
similar flow sheet for Case B, and for the 
cracking process, a flow sheet was used 
from an existing cracker. The differences in 
investments for the three types of coupling 
reactors did not justify further separated 
treatment. In Figure 7.7, the investment 
costs are broken down, extended 
information can he founded in Ref 5. Land, 
and working capital to a lesser extent, do 
not contribute much to those costs. The 
total capital investment amounts to US$ 
479 millions for the cracker, to 168 for 

Average =sts (million US $} 
500 

400• 

300-

200· 

100-

0 
Cracking Case A Case B 

Figure 7.7: Break down of the investment oosts for 
the conventional and the new process (Cases 
A&B). 

Case A, and to 207 for CaseBat January 1989 price levels. So, the coupling process 
requires a substantially lower total capital investment due to its lower equipment and 
construction costs because it is a less complex plant. 

7.5 PROFITABILI1Y ANALYSIS 

Profitability analyses are needed to decide whether the projects are viabie or not; they 
were carried out using Holland's metbod (Ref. 11). By-product credits were taken into 
account in all cases, they are of major importance in the naphtha cracking process. The 
net annual profits were US$ 95, 70, and 30 millions for the cracker, for Case A and 
Case B, respectively. Evidently, the designed new process would he more profitable than 
the cracking process. The higher profitability of Case A proves that a high selectivity 
is prefeered to a high conversion level. The break-down of the production cost for 
ethylene using the oxidative coupling process is shown in Figure 7 .8. Indeed, it can he 
seen that the direct manufacturing expenses, which mainly consist of raw materials, 
contribute to more tha,n half of the production costs. Thê credits for the by•products: 
electricity, that would be produced from the excess reaction heat, and the fuelgas, (see 
Figure 7.6) would reduce the production oost only slightly, especially for CaSe A 
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Fipre 7.8: Break down of the ethylene manufacturing costs fora direct partial oxidation process. 
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The sensitivity of the ethylene price to major cost factors was investigated too. 
Figures 7.9 and 7.10 show its dependenee on the raw material costs. The ethylene 
production cost is more sensitive to both the price of natural gas and oxygen for Case 
B, due to its lower raw material efficiency compared with Case A. Note that the 
ethylene bottorn price (when the natura} gas is available free of charge) is US$ 200/ton. 
Air can he used as the oxidizing agent instead of pure oxygen. The process equipment 
will expand due to the inert nitrogen present and it results in an ethylene production 
price of US$ 452 per ton (Case A). This is only slightly higher than when using pure 
oxygen at its standard oxygen price, see Figure 7.10. So, a small saving will he gained 
if the nitrogen is removed from air at the beginning of the process (before feeding to 
the coupling reactor) instead of at the end (in the cold box). 

The ethylene production cost for the oxidative coupling process is seen to vary for 
Case A, from US$ 300 to US$ 600 with an average of US$ 446 per ton; for Case B 
these values are US$ 300 - 800 and US$ 
566 respectively. 

The results of a similar study carried out 
by Preuss et al. (Ref. 12) correspond very 
well with the figures presented bere. They 
reported a total capital investment of US$ 
160 millions for an oxidative coupling plant 
with an ethylene capacity of 350.000 tons 
p.a. and an ethylene manufacturing cost of 
about US$ 360/ton at a methane price of 
US$ 120/ton. 

For future research Figure 7.11 is most 
interesting. It gives an impression of the 
required performance of a catalyst. A 
minimal selectivity of 65% is required fora 
profitable process at a c; yield of 25%. So, 
those figures should he targeted at when 
developing new catalysts. 

7.6 CONCLUSIONS 
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Figure 7.11: Influence of ~ selectivity on ethylene 
manufacturing costs at a constant yield ( = 25% ). 

Ethylene production by methane oxidative coupling appears to he a feasible process. 
A fluidised bed seems the most suitable reactor for this process. The process itself is 
much simpler than naphtha cracking because of a smaller number of product 
components, which allows a rather simple separation section. 

As a consequence, the investment cost for a methane coupling plant is significantly 
lower and the profitability higher than those of naphtha cracking, when catalysts are 
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available wbich achieve approximately 25% yield. Presently known catalysts show such 
a performance only initially, so their stability should be improved. 
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8 CONCLUDING REMARKS 

We have seen that the oxidative coupling of methane is a very promising new route for 
the production of ethylene. Technically the process is quite feasible, but for a profitable 
process the lifetimes of the catalysts have to be improved (Ref. 1). Especially when 
this process is followed by a consecutive step, for example an oligomerization step to 
produce liquid fuels, the process bas an enormons potential. 

Besides the Jonger lifetimes of the catalysts, they should be developed to be active 
and selective at lower reaction temperatures. It is technically easier to work at and 
moreover, because of the required methane recycling over the oxidative coupling 
reactor (healing up, cooling down) it will be energy saving and thus more economical. 
Even more significant in this respect is, already reported in 1988 (Ref. 2), that the 
Li/MgO catalyst leads the oxidative coupling reactions in a consecutive reaction 
mechanism: 

CH4 ---> <;H6 --> CzH4 --- > CO ---> C02 
in which both heterogeneons and homogeneons reactions steps are involved. Regarding 
this catalyst the direct.oxidation of methane into carbon monoxide and carbon dioxide 
is of less importance, which emphasizes the importance of the total oxidation of ethane 
and ethylene regarding selectivity loss. The homogeneons contributions to those 
reactions can be diminished by lowering the reaction temperature. WorkofKorf et al. 
(Ref. 3) bas shown that doping the Li/MgO catalyst with Sn02 results in catalysts more 
active and similar selective at lower temperatures. The extra dopant is believed to 
facilitate the oxygen uptake of the. catalyst. 

Two remarks with respect to the reaction temperature should be made: 
Firstly, Sinev et al. (Ref. 4) stated that a low temperature ·Jimit exists to obtain high 

<; selectivities. This was based on the assumption that the reaction occurs via CH3 
radicals. At lower reaction temperatures the equilibrium of the reaction of those 
radicals with oxygen is shifted to the right: 

CH3• + 0 2 ---> CH30 2• 

The methyl peroxide radical reacts preferably to the products CO and C02• An increase 
of pressure (40 bar, 450 •q also shows a shift in product composition towards the less 
interesting methanol and formaldehyde (Ref. 5), which formation takes place via the 
sameperoxide species (Ref. 6). However, we have shown (Chapter 6), that the wall 
( catalyst surface) might play an influential role in the reaction mechanism. It can 
manipulate the local concentradons of radicals present in the pores of a catalyst. In 
combination with the occurrence of oxygen pore diffusion limitation it bas to be 
possible to get round the temperature limit. 

Secondly, it bas been shown (Chapters 4-6) that at lower reaction temperatures the 
ethane/ethylene ratio increases. This means that the ''worthless" ethane bas to be 
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converted into the valuable ethylene. Most probably this will be done by thermal 
cracking which consumes no "expensive" oxygen but requires an extra money consuming 
process step. 

Regarding reactor design, a fluidised bed operated at elevated pressure is the most 
suitable reactor type. The fluidised bed will combine good heat transfer properties and 
an easy temperature control with a simple way of construction and last but oot least a 
low oxygen partial pressure inside the reactor which is very beneficial for the <; yield. 
The elevated pressure will lower both the investments and the operating casts. 

A rather unexplored research area is a bubble column reactor in which the liquid 
phase itself bas catalytic properties. Development of active and selective molten salts 
as catalyst for the oxidative coupling of methane will lead to a reactor type that 
elegantly combines good heat transfer properties with catalysis. 

In conclusion. the prospects of the ethylene synthesis from natural gas by direct 
partial oxidation looks very good, although some future research efforts are necessary. 
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1. Bij toepassing van een katalytische wervelbed-reaktor voor de oxydatieve 
koppeling van methaan kan de lege ruimte boven het bed funktioneren als een 
autotherme na-reaktor die het etheenrendement aanzienlijk verhoogt. 
Hoofdstuk zes van dit proefschrift. 

J.W.M.H. Geerts, J.H.BJ. Hoebink, K. van der Wiele, Presentedat 199'b ACS Meeting, Boston, 
Massachusetts. USA, April Zl-27, 1990. 

2 Het reaktieschema van de oxydatieve koppeling van methaan waarin CH2-

fragmenten een essentiële rol spelen, zoals voorgesteld door Mirodatos en 
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etheen de reaktiesnelheidsverhoudingen onafhankelijk zijn van het type 
katalysator en de reaktiekondities. 
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5. Gezien het hoge rendement van de vorming van methanol uit aardgas via 
synthesegas is het twijfelachtig of ooit een concurrerend katalytisch proces, 
gebaseerd op de direkte partiële oxydatie van methaan, ontwikkeld zal worden. 
J.W .M.H. Geerts, J.H.BJ. Hoebink, K. van der Wiele, CataL Today, 6, 1990, 613. 



6. Voor de beschrijving van magnetische opname-eigenschappen van CoCr films is 
de "coërciviteit" die bepaald is met een representatieve "binnenlus" een betere 
parameter dan die welke bepaald is met de verzadigingshysteresecurve. 
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8. Het gewenste milieuvervuilingsverminderende effect van de "auto-uitlaatgas· 
katalysator" zal pas bereikt worden wanneer periodieke keuring en zonodig 
vervanging van de katalysator verplicht gesteld wordt. 

9. De hoge produktiviteit van de Japanse arbeider wordt meer bepaald door lange 
werktijden dan door de Japanse managemeutstijl. 

10. De wachtgeldregeling doet haar naam eer aan omdat zij het wachten op geld 
meer stimuleert dan het zoeken naar werk. 

11. Het afschaffen van het reiskostenforfait zal nauwelijks leiden tot minder gereisde 
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milieu. 
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