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S U M M A R Y 

In a fluidized bed the gas flow is split into two parts, 

one percolating through the bed between the individual 

particles (the dense phase flow), the other rising as 

separate voids (the bubble flow) . The residence time in 

the bed for the latter part is short. Between the two 

partial flows mass can be transferred. The mass transfer 

rate is extremely important for many purposes for which 

use is made of the fluidized bed, such as chemical react

ions, drying, etc. 

A theory has been developed for the mass transfer between 

the bubbles and the dense phase. The resulting equations 

have been solved numerically for many conditions. 

To test the validity of the theory experiments have been 

performed in three different ways: 

a. Experiments on an artificial bubble. In a system where 

the solids move downward at a velocity corresponding 

to the normal bubble velocity, an artificial bubble is 

formed underneath a gauze cap. Tracer gas is injected 

into the bubble which is continuously sampled and ana

lyzed. From the decay of the concentration in the bub

ble the transfer coefficient has been calculated. 

The experimental results correspond well with the 

theory. 

b. Experiments with real single bubbles. In a bed with a 

diameter of 18 cm and one with a diameter of 90 cm 

traced real bubbles are injected. The bubbles are 

sampled at different heights in the bed. From the 

measured concentration profile over the height of the 

bed the transfer coefficient has been calculated. 

The transfer coeff icient is strongly dependent upon 



the porosity of the bed. For high bed expansions the 

transfer coefficient is also high. For the beds at 

incipient fluidization transfer coefficients are of 

the order of magnitude of those theoretically pre

dicted. Raining through of solids in the bubble and en

larged diffusion round the bubble caused by the mobili

ty of the solids must play a part. 

Cohesion enhanced by adsorption of gases can also be 

found to have an influence on the transfer rate. 

c. Experiments in a freely bubbling bed. Residence time 

distribution measurements were carried out in the 90 

cm bed. If the dense phase is perfectly mixed, an ana

lytical solution can be found to the transfer coeffi

cient, once the RTD curve is known. At relatively low 

velocities transfer rates are obtained comparable to 

the theory. At higher velocities coalescence and bubble 

splitting increase the transfer rate. 

In all experiments spent cracking catalyst has been used. 

To study the effect of adsorption, four gases with differ

ent adsorption characteristics were taken as tracer gases. 



It would be pleasant to be able to 
say "I w&nt out to find the truth 
about my country and I found it". 

John Steinbeck, 
TraveZe with CharZey (1962). 



C H A P T E R 1 

INTRODUCTION 

1.1.l FZuidization 

If an object falls under the influence of gravity 

in the atmosphere, it will be accelerated first, but af

ter some time it will reach a definite velocity, known 

as the free falling velocity. 

In this state the farces on the object are balanced. 

In the case of a particle surrounded by a fluid three 

farces may be distinguished,viz. the weight of the part

icle, the buoyancy, and the drag force. 

The weight and the buoyancy are only dependent upon the 

volume occupied by the particle, the density of the mat

erial, and the density of the surrounding system. They 

are independent of the shape and velocity of the particle. 

The two farces may, therefore, be combined in a resultant 

force B: 

B = p g V - p g V syst part p part 

where 

Psystem 
pp 

g 

vpart 

average density of the system 

density of the particle 

acceleration due to gravity 

volume of the particle 

( 1. 1) 

The third force, the drag force, is dependent upon the 

shape and upon the difference between the velocity of 

the particle and that of the surrounding fluid. 

This difference is generally called the slip velocity. 

If B is positive, the particle will rise, if B is nega

tive, it will fall. In bath cases the drag force will 

work in the direction opposite to that of B. 

When the three farces are in equilibrium the particle is 
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said to be "floating". If B is not equal to zero, the 

equilibrium is dynamic; if equal to zero, it is statie. 

In the latter case the drag force is zero,the particle 

remains in its place with respect to the fluid. 

Supposing that not only one particle is upheld by a 

fluid flow, but that we have a system in which many 

particles are upheld in a fluid flow and thus are in 

dynamic equilibrium, we have a system that may be called 

"fluidized". 

Fluidization is defined as the phenomenon in which the 

gravitational farces acting on a dense swarm of parti

cles are counteracted by the force excerted by the perco

lating fluid, causing these particles to be kept in a 

more or less floating state (1). 

Emphasis has to be laid on the term "dense swarm". 

Dense swarm means that the state of a particle cannot be 

described seperately, but that the interparticle dis

tances have become so small that each particle has a 

marked influence upon the motion of the fluid around its 

neighbouring particles. 

From literature about "hindered settling" the volume con

centration at which this process starts may be stated to 

be 1% ( 2). 

The distances between the particle centres are then of 

the order of 3 particle diameters. 

In many systems the interparticle distances will be of 

the order of one particle diameter. The particles then 

stay in contact with each ether. Dependent upon the con

figuration and the particle size distribution the volume 

concentration will generally be more than 50%, in ether 

words, the porosity less than 50%. 



A fluidized system in which the bulk of the particles is 

kept in a container, while the percolating fluid flows 

through this container is called a fluidized "bed" and 

has many industrial applications. 

Fluidization can be realized in a number of ways: 

gas/solid fluidization: the gas phase is the fluidi

zing fluid, solid particles are suspended; 

liquid/solid fluidization, in which again the solid 
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is the dispersed phase, while liquid is the continuous 

phase; 

liquid/liquid fluidization, in which a liquid conti

nuous phase fluidizes another irnrniscible dispersed 

liquid. 

Hybrid systems are also in use: solids fluidized by a 

liquid while at the same time gas bubbles move through 

the bed. 

Examples of fluidization can also be found in nature. 

One well-known example is quicksand, sand fluidized by 

very small quantities of upflowing water. 

Another manifestation of a fluidized bed is found in many 

volcanic craters. Here solid particles are fluidized by 

escaping gases (3). This phenomenon is also mentioned as 

a possible explanation of the formation of moon craters 

(4). 

In process engineering, fluidization has found many ap

plications. Most of them fall under the heading of gas/ 

solid fluidization. It is this form that will be the sub

ject of the present thesis. 

In the following a more detailed description will be 

given of fluidized systems. 
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1.1.2 Mechnical description of a fluidized bed 

As has already been stated a fluidized bed is a 

container in which particles are upheld by a fluid flow. 

The container has a poreus bottom plate (distributor 

plate). 

On top of the bed there is an empty space, the disenga

ging zone, in which particles carried along can settle. 

When no fluid passes through the bed, the system is said 

to be packed. 

When the gas flow through the packed bed is increased 

from zero, the pressure gradient over the bed, described 

by the well-known Ergun-relation (5), will also increase· 

~ 
dh 

where 

150n 
dp2 

(1 - s) 2 
3 uo 

E 

+ 1. 75 ( 1 - E) 
3 

E 

pressure at height h from the distributor 

density of the gas 

dynamic viscosity of the gas 

superficial velocity of the gas 

porosity of the bed 

( 1. 2) 

For low Reynolds' numbers the second term on the right

hand side is negligibly small, thus: 

-~ 
dh 

or: 

150n 

dp2 

p 2 - p 1 = pressure drop over the bed = - h ~ 

ho (1 - s 0 ) ~ 
1 - E dh 

15 Ü T1 ho ( 1 - E O) ( 1 - E) 
--2-· 3 uo 
dp E 

( 1. 3) 

( 1. 4) 

h 0 and s 0 are height and porosity in the packed state. 
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Nów for gas/solid systems the effect of buoyancy can 

mostly be neglected in the calculations. 

At a certain superficial velocity the pressure gradient 

will equal the weight of the bed per unit volume. 

If there are no other forces holding the particles to

gether, this particular velocity will be the point where 

the particles become more or less floating. 

The velocity at this point is called the minimum fluidi

zation velocity or the incipient fluidization velocity, 

umf· See figure l. 

Figure 1. 

IE::.-_:-~~= 
1 ----1 ---

' 1 

' 1 
1 

' 1 
1 
1 

iubp - u 
0 

t h 

Pressure drop and expansion of a fluidized bed. 

Since the pressure drop over the bed cannot increase any 

more at higher velocities, apart from wall friction, the 

right-hand term of equation (1.4) will be constant, in

dicating that for higher u0 the porosity E must necessa

rily increase: the bed expands. 

This means that the particles in the bed will be packed 
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less densly, and ultimately become separated. 

Before this point is reached, however, instability sets 

in and large voids are formed in the bed. These voids 

rise through the bed and are, therefore, called bubbles 

analogously to gas bubbles in a liquid. The velocity at 

which bubbles appear in the bed is called the bubble 

point velocity ubp· 

We see that the state of the bed can be divided into 

three regions: the packed state, u0 being less than umf' 

the homogeneous fluidized state, in which no bubbles 

occur, ~f < u0 < ubp' and the heterogeneous fluidized 

state in which bubbles appear. 

Figure 1 shows an anomaly at umf: the bed does not ex

pand immediately, since for most solids the pressure 

builds up a little more before the bed yields. This can 

be explained by assuming extra farces to exist between 

the particles and ultimately between the particles and 

the wall of the bed. 

These farces (interparticle friction and cohesion) pro

duce an extra pressure ~p, which can be directly related 

to the critical shear stress 'w' at which the packed struc

ture will yield: 

or: 

2 
~p • rr R 

T 
w 

~p • R 
2h 

h • 2 rrR • T w 

R being the radius of the bed. 

(1. 5) 

The existence of the interparticle farces is of the ut

most importance in explaining many properties of the bed 

(6). Various authors (7, 8, 9) have proved that a fluidi

zed system in which there is no direct interaction be

tween the particles, is inherently unstable. 



Stabilization can only occur if a fairly streng vibra

tion is applied to the fluidizing gas flow (10) or when 

interparticle friction exists (6, 11). If this friction 

is very low the surpressure ~p will be very low or ab

sent and the bed will start to bubble at the incipient 

fluidization velocity. 
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The porosity of the bed material around the bubbles, the 

dense phase, is then about equal to the porosity of the 

packed bed. If interparticle farces do exist,the area of 

homogeneous fluidization can be quite far extended, and 

relative bed expansions (h - h0 )/h0 of 40 per cent. can 

be reached in the homogeneous state. 

It is clear from equation (1.3) that for higher values 

of e also higher velocities through the poreus medium 

occur: the velocity in the homogeneous fluidized bed is 

fundamentally higher than the incipient fluidization ve

locity. This fact is seldom considered in literature but 

has serieus consequences for bed behaviour. 

For velocities higher than ubp the bed sometimes expands 

a little further because of the bubble hold-up, or some

times decreases a little owing to extraction of the ex

panded dense phase, The dense phase seldom reaches the 

porosity of the packed state again, however. 

Bubble point velocity and bubble formation are depen

dent upon a number of parameters, viz. the shape, size, 

spread in size and density of the particles, the nature 

of the gas and the distribution plate. Last but not least 

it depends upon the interparticle farces. 

The occurrence of bubbles has the consequence that the 

dense phase is heavily mixed. Gross circulation and also 

transverse mixing of the solids will occur. 

By diffusion, mixing and convection the gaseous contents 

of the bubbles are in continuous exchange with the gas 

flowing through the dense phase. 
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1.1.3 Advantages and disadvantages of [Zuidization in 

process engineering 

Fluidization is used in many areas of process en

gineering, especially for chemical reactions with a large 

heat effect and for processes in which heat or mass 

transfer is an important step. The fluidized bed is dis

tinguished from a packed bed through: 

a. The high rate of solids mixing in a heterogeneous 

bed. The mixing provides excellent heat transfer pro

perties and moreover establishes a very uniform tem

perature in the bed, two main reasons for good reac

tion control and for carrying out conditioning pro

cesses as the drying, coating, and mixing of solids. 

b. Small particles can be used in a fluidized bed and, 

therefore, a much larger area of the specific surface 

of the solid can be realised compared with that of 

an ordinary packed bed. 

Since the pressure drop over the fluidized bed is 

fixed, high gas velocities can be combined with a 

relatively low pressure drop. 

c. The removal and replacement of solid material is 

very easy, which is advantageous in the case of sol

ids handling, material treatment or catalyst regene

ration. 

This, in fact, is why fluidization found its wide 

application. Fluid beds were introduced for cracking 

heavy oils into suitable gasolines. Catalyst degra

ding by the deposit of carbon is very rapid in this 

process, so that only continuous withdrawal of used 

catalyst and supply by regenerated catalyst made the 

process suitable for full scale operation (12). 

Not all properties of fluidized systems are advantageous. 



Same drawbacks are: 

a. Preferential flow of gas through bubbles results in 

short-circuiting of the gas, or at least in a large 

fraction of the gas through-put having a very short 

residence time in the bed. Hence, contact of gas 
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with the solids, which is essential for many chemical 

processes and some physical processes as the drying 

of solids, is less good than in a packed bed. 

b. Mixing and circulation of gas and solids results in 

lower conversion rates for reactions that are not 

strictly of zero order. For packed bed reactors plug 

flow with a superposition of some slight axial dis

persion is a good approximation. In fluidized beds, 

mixing of the dense phase takes place on a much lar

ger scale, especially at low ratios of length over 

the diameter of the bed. This means that reactor vo

lumes must be larger to obtain the same conversion. 

It will, however, be shown in the next section that 

the transfer between the two phases diminishes this 

effect considerably. 

c. Elutriation of solids and abrasion put a high strain 

on separation equipment. Erosion of equipment and 

solids may produce very fine dust that may cause con

siderable trouble downstream in the process equipment. 

d. The casts of the equipment of the solid separators in 

the gas outflow (disengaging zones, cyclone batte ries, 

electrostatic dust removers) are high and require a 

considerable investment. 



10 

1.2 Contacting of gas and soZid in a fZuidized bed. 

Two phase models 

As was mentioned above, contact of gas and solid in 

a fluidized bed is of the utmost importance. Models des

cribing this contacting were therefore drawn up soon af

ter the introduction of fluidization into industry. 

These models describe the contacting process by introdu

cing a number of internal bed parameters, viz.: 

ub superficial velocity of the gas in the bubble phase 

ud superficial velocity of the gas in the dense phase 

o fraction bubbles in the bed 

E dispersion coefficient of the dense phase 

kc exchange coefficient per unit volume of bubble phase 

kr reaction rate constant per unit volume of solid 

phase. 

The two superficial velocities are related to the total 

cross section of the bed. 

From the definition of ub and ud it fellows that 

(1. 6) 

The so called two phase models do not establish a rela

tionship between these parameters nor with any other bed 

parameters, but consider them to be fixed. 

The two phase model was introduced after the conventional 

one phase model (plug flow with axial dispersion) failed 

to explain the experimental data (Gilliland et al (13)). 

The concept of two separate phases was given by Toomey 

and Johnstone (14), later refined by Shen and Johnstone 

( 15). 

In this concept both bubble phase and dense phase are 

supposed to show negligible mixing effects (E = O), or 

the dense phase is supposed to be completely mixed (E=00 ). 



A stationary situation is described with a first order 

reaction and transfer between the two phases. 

The two simultaneous first order linear differential 

equations can be solved analytically, 
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Experiments were carried out with nitreus oxide being 

decomposed on solid catalyst. Transfer rates calculated 

with the model from the experirnents were correlated with 

a Re-number, defined as d u p /n . p 0 g g 
Here in d particle diameter p . 

p gas density g 
ng dynarnic viscosity of the gas. 

May (16) has measured the solid mixing in large fluidized 

beds (up to 5 feet in diameter and 30 feet high) by means 

of radio-active tracers. He found a very streng mixing ef

fect. Because the particles in the bed are very small and 

therefore also the dense phase gas velocity,May assumed 

the same magnitude for the effective diffusion coefficient 

of solids and gas in the dense phase, while he considered 

the bubbles to be in plug flow. 

Gas residence time distributions were measured and from 

those rneasurernents, taking into account the eddy diffusion 

in the dense phase, he calculated the exchange coefficient. 

Great influence on the rnodeling of fluidized bed reactors 

was exerted by Van Deernter (17, 18). 

In his first contribution to the two phase model Van Deem

ter builds on May's model, but unlike May does not assume 

equal diffusivity of gas and solids in the dense phase. 

Van Deemter arrives at the following balances for insta

tionary tracer tests: 

for the bubble phase: 

ac 
~ + k ê (C - c) 
ax c 0 ( 1. 7) 
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for the dense phase: 

dC ~ + ö2c (1-ó) at + ud öx kc ó (c-C) - (1-ó) E ~ 
dX 

0 

c concentration of component in the bubble phase 

c = concentration of component in the dense phase 

(1. 8) 

The equationsin case of a stationary heterogeneous chem

ical reaction taking place at the surface of the cata

lyst in the dense phase are: 

for the bubble phase: 

dC 
ub dx + kc ó (C-c) = 0 (1. 9) 

and for the dense phase: 

de 
u - -d dx 

2 
(1-ó) E d c + k ó (c-C) + k (1-ó) (l-s)c 

dx2 c r 
0 

( 1.10) 

The equation presumes that the réaction takes place 

throughout the dense phase and that the radial mixing 

effect is strong enough to level off the radial concen

tra tion gradient around the bubbles. This in fact means 

that the reaction rate must be relatively low. For fast 

reactions the conversion takes place mainly in the 

direct surrounding of the bubbles and then the transfer 

mechanism itself becomes important. 

From (1.9) it fellows: 

ub de 
c = C + k8 dx 

c 

Substitution in equation (1.10) gives: 

(1.11) 
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d 3c [ 
ub E ( 1 - ê ) ] d 2 C [ - (1-ê)E udub l 

dx3 · 
- k ê + ~-2 + k8" 

c · dx c 

+ dC 
[ ud + ub + 

(1- ê ) ( 1-e;) 
krub l + 

(1-ê) (1-e;)k c = 0 dx -ê-. -k- r 

Naw ud + ub = u0 • Insert s 

1 - s = ud/u0 

c 

s(l-s) u0 E(l-ê)s [ d3C l [ 
uo 

kcê dx3 
+ - (1-ê)E + k ê 

c 

+ [ 

k (1-ê)s u 1-ê dC + r 0 + (1-ê) (1-E:) uo k -8- dx c 

2 
d 2c 

dx2 

k c r 0 

Making this equation dimensionless by introducing 

( 1. 12) 

(1.13) 

o = x/h, h being the height of the reactor, we obtain: 

(1-ê)E s 

k ê h 2 
c 

dC 
do -

h(l-ê) (1- s )krc 

uo 
0 

With 

number of mixing units 

number o f transfer units 

number of reaction units 

we carne to: 

u 0 .h/E (1-ê) 

kc ê h/ub 
( 1-E) ( 1-ê) k .h/u r o 

( 1.14) 
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1 d 3C + 
[ !e 

(1-s) d 2C 
nenk do 3 nk do 2 

[ 1 
n l dC _ - + __!:. n C 0 ( 1. 15) 
nk do r 

Fora solution of (1.15) we need three boundary equations. 

One of them can be found when a mass balance is made at 

the entrance of the reactor for the bubble phase: 

Co=o = c 0 = concentration below the distributor plate, 

since no mixing takes place in the bubble phase. 

The two ether boundary conditions are deduced from the 

mass balances for the dense phase at the entrance and 

exit of the reactor: 

At x = o: 

co .., (1-o)E (de) 
cx=o ud dx x=o 

With equation (l.11): 

(dCJ r~ _ (1-o)El 
dx k o ud x=o c 

At x = h: 

(1-o) E 
cexit = ch + 

_ (a2;) [(1~o)E . ~b ·i 
dx x=o d c 0 

co 

Because no jump in the concentration at the exit of the 

reactor is expected (~~) must be zero. 
x=h 

In dimensionless co-ordinates these boundary conditions 

become: 
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At a = 0: c = c 0 

[ ( 1-s ). - n:] [~;) l [d2;) co ---
nk 0 nenk da o 

At a = l: ( 1.16) 

[ dC) + l ( d 2c] 0 
da 1 nk dó2 l 

Substitution of C 
Àa 

e transforms equation (1.15) into 

[n~nr 0 

(1.17) 

One root of this equation is found by numerical methods. 

The ether roots can then be calculated. 

A computer program has been written that solves the con

version for many different values of n , n and nk. r e 
Van Deemter in his first contribution gave a plot of nk 

vs n for n 10. The parameter is the conversion f, e r 
Figure 2 gives this plot and a newly calculated one for 

nr = 1. In both cases s has been taken equal to 1: 

all gas enters and leaves the bed through the bubble 

phase. IOO..--------.--------, 

nk 

t 
f=.995 

nkî 

10 . 990 

.95 
54 

.50 
.80 .40 

1 
10 100 1 10 - 100 

n n e e 

Figure 2. Conversion according to the Van Deemter model. 

a: nr = 10, s = l b: nr = 1, s = 1. 
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Figure 2a would suggest that the value of ne is relative 

unimportant since all iso-conversion lines are essential

ly flat for a large range of ne. This means that the con

version is nearly independent upon the degree of mixing. 

The high value of nr' and thus of the reaction rate, 

guarantees that the concentration in the dense phase is 

very low; therefore mixing does not affect the transfer 

of gas to the dense phase, which in this case equals the 

total production. 

Another extreme case is given for nr = 1 in figure 2b. 

Here we see that mixing is important, since the concen

tration in the dense phase is high enough to black the 

transfer from bubble to dense phase. 

In figure 2a the limiting factor is clearly the transfer 

coefficient to the dense phase, in figure 2b the reaction 

rate in the dense phase. 

In conclusion it may in general be said that, where the 

transfer of gas between the two phases is the restricting 

factor, the effect of mixing is of secondary importance. 

Since in many applications this will be the case all at

tention will be paid to the transfer of gas between the 

phases. 

1.3 Statement of the subject of thia thesis 

Short circuiting of the fluidizing gas is a major 

drawback for reactions in a fluidized bed reactor. 

Many possible applications have faltered upon this pro

perty. In some cases (19) the problem became only acute 

when the equipment was already installed at its site in 

the plant. Conversion fell far bèlow the expected level. 

Although from standard experiments the parameters can be 

found that govern the transfer of gas between bubble and 



dense phase, once the full scale reactor is ready, pre

diction of what will happen when a reactor is scaled up 

is not yet possible. 

Better insight is necessary in: 

a. prediction of bubble size in full scale freely bub

bling beds; 

b. prediction of the mass transfer coefficients for 

these bubbles. 

It was chosen to be the subject of this thesis to 

study the mass transfer coeff icient between bubble 

phase and dense phase. 

17 



18 C H A P T E R 2 

TRANSFER OF GAS FROM A BUBBLE TO THE DENSE PHASE. 

THEORY 

2.1 The bubble aloud model 

This chapter starts with a description of what is 

known as a bubble cloud model, without which the theore

tical correlations for mass transfer from a single bubble 

cannot well be understood. 

A number of investigators have presented theoretical stu

dies on the flow of gas and solids around single bubbles 

in a fluidized bed. 

They all make the following assumptions: 

a. The dense phase porosity is everywhere the same 

throughout the bed, and equal to that of the bed at 

incipient fluidization. 

b. The relative velocity between the gas and the solid 

particles can be expressed in the form of a Darcy 

equation: the relative velocity is proportional to 

the pressure gradient in the observed direction. 

c. The fluidizing gas is incompressible, which in this 

case means that the density of the gas is constant, 

although there exists a pressure gradient. 

d. No momentum is transferred by particle to particle 

collison and friction. This means that no effective 

"viscosity" is attached to the dispersed solid phase. 

Solid flow around the bubble, therefore, is described 

by potential flow, most commonly in the configuration 

of potential flow around a solid sphere in an infinite 

velocity field. 

Given the system with a gas and a solid phase, four equa• 

tions of motion can be generated: an equation of continui

ty and a momentum balance for each phase. The introduction 
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of a solid streamline pattern makes two of these four 

equations superfluous. It also reduces the number of va

riables from four (gas velocity, solid velocity, pressure 

and porosity) to two, namely gas velocity and pressure. 

Davidson and Harrison (20) were the first to give an ap

~ro.ximate solution.In accordance with assumption ai they 

assumed for the velocity potential ~ of the solids flow 

in a co-ordinate system that rises with the bubble: 

(2. 1) 

the velocity v = - grad ~ (2. 2) 

In this equation Ub equals the bubble rising velocity and 

a the radius of the bubble. 

Because of the constant dense phase porosity the conti

nui ty equations for gas and solids are reduced to respec

tively: 

div u 0 

div v 0 
(2. 3) 

For the gas phase the inertia and gravity terms can be 

neglected and the gas momentum balance reduces to: 

F + E: V' p = 0 

in which F is the drag force per unit volume 

exerted by the gas flow on the solids. 

F may be equal to E n u /K where s 
u 

S· 

n 

- vs = relative gas velocity 

the dynamic viscosity of the gas 

K gas permeability of the dense phase 
v the slip velocity = v - u s 

(2.4) 

dense phase 

Èquation (2.4) is nothing else but the Darcy equation 

for a moving gas/solid system. 

K is constant if the porosity is constant and after dif-
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ferentiating equation (2.4) then becomes: 

div grad p = 0 ( 2. 5) 

which equation is satisfied by: 

soo a -u ( 3) p = ~K~ r - r 2 cos 8 (2. 6) 

u is the relative gas velocity between gas and particles soo 
at infinite distance from the bubble. Now at every point 

the gas velocity can be solved by substituting p and v in 

equation (2.4). 

We find: 

and 

u = e sin e (2. 7) 

From equation (2.7) it fellows that for Ub>Usoo the system 

has the particular property that there is a sphere with a 

radius Re on which the radial velocity is zero. All stream

lines of the gas within this sphere are closed paths 

for values of a = Ub/us 00 > 1. 

The dense phase within this sphere, which is called the 

cloud, does not exchange its gas contents with the dense 

phase outside the cloud by convection. The radius of the 

cloud: 

R=a[~] 1/3 c a. - 1 
(2.8) 

In gas solid fluidization the velocity ratio a. is nearly 

always greater than one. 
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Rowe (21) has shown the existence of the cloud experimen

tally. He made the boundary between cloud and dense phase 

gas visible by injecting brown nitrogendioxide bubbles 

in a two-dimensional bed. On the ground of these experi

ments the validity of Davidson and Harrison's theory has 

been considered to be proved, at least qualitatively. 

Figure 3 gives an example of gas and solid velocities a

round a bubble according to this theory. 

gas sol id 
trajectories 

CY,= 3 

Figure 3. Streamlines around a bubble according to David

son and Harrison. 

Davidson and Harrison accept the fact, that the results of 

their calculation are contradictory. In equation (2.5) the 

pressure at the bubble boundary is everywhere the same as 

i t should be. In potential flow theory, however, the pres

sure increases from the top of the bubble downward. 
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Only at small angles 6 ( e being smaller than 50°) is the 

pressure gradient along the bubble surface nearly zero 

and the increased hydrostatic pressure is compensated by 

the negative contribution of the dynamic fluid flow pres

sure at the appropriate bubble rising velocity. This is 

the well-known Davies-Taylor relationship (22) for the 

rising velocity of spherical cap bubbles in liquid (28 

being approximately 100°). 

For larger values of 6 the total pressure increases. 

More sophisticated theories are presented by Jackson (9, 

23) and Murray (24, 25) of which only the latter will be 

discussed here. 

Murray linearizes the momentum balances and also uses 

both continuity equations. He also notes that the Davies

Taylor relation is only one of the many possible if the 

shape of the bubble is allowed to vary. 

Since Murray does not see a solution in which the curva

ture of the bubble is connected to the flows of gas and 

solid, he takes three bubble shapes and neglects the re

quirement that the pressure in the bubble must be con

stant. Two of the shapes correspond with bubble shapes 

which are observed experimentally and, therefore, might 

show a more or less constant pressure inside the bubble. 

This, however; is not verified. Compared to Davidson and 

Harrison's theory the cloud of Murray is smaller, and in 

the case that he assumes a spherical three dimensional 

bubble, the cloud boundary is eccentric having a larger 

distance to the bubble boundary at the top than at the 

bottom. At the bottom of the buhble the cloud is not cir

cular, especially at relatively low values of a. 

In this case Murray arrives at the following equations 

for the flow potential of solid and gas: 



<P s 

<P = f 

- 1/3 

- a cose {r/a + l/2(r/a) 2 } 

2 
(1-a) cose {r/a - a/2 (1-a) (r/a) } 

P 2 (cose)/(r/a) 3 

P2 (cose) is the second order Legendre polynomial 
2 

= 1/2(3 cos e-1). 
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Murray's cloud for a spherical bubble is described by the 

following equation: 

4 
(a-1) (Re/a) - (Re/a) - case = o. 
Re = cloud radius at angle e. 

2.2 Literature review on. gas transfer oorrelations 

In the foregoing section it has been shown that the 

flow of gas and solid around the bubble is described by a 

continuous-flow pattern. Although the cloud boundary 

separates two gas regions, namely the gas enclosed by the 

boundary and that in the dense phase, nówhere around this 

boundary the gas velocity changes suddenly. By these con

vective flows mass is transferred from a bubble to the 

dense phase. On top of this, a transfer takes place by 

diffusion. These two modes of transfer are not sequential 

but simultaneous processes. In the next section they will 

be considered as such. Since, however, the resulting 

equations cannot be solved in closed form and a numerical 

solution is very elaborate, many authors have proposed a 

description of the transfer that makes use of resistances 

against mass transport situated at different places in 

and around the bubble. 

Figure 4 gives a scheme of possible resistances against 

mass transfer. 
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ebi 
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1 

1 

__ bujbble 

1 

Figure 4. 

1 
oundary 

layer 

lel oud 

c 
c 

Resistances against mass transfer. 

boundjry 
layer 1 

d nse phase 

Across the bubble boundary there is a diffusive and 

convective flux of the gas. In the cloud a convective 

flux of gas exists, as well as a diffusive flux by the 

gas. By adsorption at the solids gas may be convected 

also by the solid flux. Across the cloud boundary w~ 

have again a diffusive flux of the gas and in case of 

adsorption a convective flux by the solids. 

Now, one can represent this scheme by introducing a resis

tance R0 at the inside of the bubble, a resistance R1 at 

the outside of the bubble, a resistance R2 in the cloud 

and a last resistance R3 at the outside of the bubble 

boundary. 

R1 and R3 are reciprocal transfer coefficients, R2/(Rc-a) 

being comparable with a reciprocal conductivity. 
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The resistances are overcome by two types of fluxes, a 

convective flux NC and a diffusional flux N0 • The two 

fluxes may be combined to one mass flux. It is an engin

eering practice that, if the flux due to the combined 

process cannot be estimated directly, the process is split 

up in its component parts, and the fluxes due to the sepa

rate processes are calculated and added. 

As a consequence of the mass transfer resistances there 

must arise concentration differences across these resis

tances . So it can be said that the concentration inside 

the bubble Cb will be different from the concentration in 

the cloud Cc. This latter concentration will in principle 

not be uniform through the cloud but will depend on the 

distance of the cloud boundary. Finally the concentration 

in the dense phase Ca will be different from or show a 

jump compared to the concentration C in the cloud. 
c 

On basis of the above picture we will discuss the differ

ent correlations for the overall mass transfer from bubble 

to dense phase as proposed in the literature. All these 

correlations are based on assumptions that one or more of 

the above mentioned resistances can be neglected. For in

stance many authors assume that because of the effective 

convectional exchange between bubble and cloud (as fellows 

from the bubble-èloud model discussed in section 2.1) the 

concentration in the bubble eb and that in the cloud Cc 

are essentially the same so that the overall mass transfer 

coefficient is determined only by resistance R3 . 

Two types of approximation are found in literature. For 

one type the rate of mass transfer is estimated by a boun

dary layer-equation, Sh = f(Re,Sc). The other type uses 

equations based upon the penetration theory of Higbie (26). 
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Rowe and Partridge (2?) put all resistance against mass 

transfer in the dense phase. 

Assurnptions: R0 

eb 

They used a boundary layer equation (28) for the transfer 

from cloud to dense phase 

Sh 2 + 0 . 69 sc1/ 3Re 1/2 ( 2. 10) c c 

where 

K' d pURdc 
Shc = ~ Se _n_ 

Ree 
IDG ID p , 

n 

d diameter of the cloud c 
n dynamic viscosity of the gas 

p density of the gas 

UR difference in gas velocity between bubble and inter

stitial gas. 

The cloud is taken according to Murray's equations. A wake 

is determined experimentally and this wake is subtracted 

from the bubble volume. So the authors come to the formula 

vc 1. 17 
VB a-1 

in which 

VC cloud volume around the bubble 

VB bubble volume. 

(2.11) 

For large bubbles in a fluidized bed a will often be very 

high as will be the Re number. 

Then: 

Sh = 0.7 sc113Re 1/2 
c 

or: 

with d c "' db and ub 0 . 7 /g ~ (see footnote page 34) 
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K , _ O 5 ID 2/3 1/4 d-1/4 1/6 -1/6 
0 - • g b p 11 (2.12) 

Rowe and Partridge correct the transfer coef ficient for 

the interstitial porosity. When the same is done for 

equation (2.12) we find: 

K 
0 

K ' = 0.5 
0 

ID 1/2 1/4 d-1/4 
g b 

In this equation it is supposed that Se 

approximately true. 

(2 .13) 

1, which is only 

Davidson and Harrison (29) made the following assumption: 

R1 R2 = R3 = 0 

c c . c e 

They suppose that all resistance against mass transfer is 

concentrated inside the bubble. For the flux by diffusion 

across the bubble boundary they derive some kind of Higbie 

relation (penetration type): 

(2 .14) 

For the flux by convection they assume on basis of the 

bubble-cloud model: 

N = 0.75 c 

where 

u 7T 
0 

d 2 /j, c 
b 

The overall transfer coefficient, therefore, is found to 

be: 

K0 = 0.75 u0 + 0.975 ID 1/ 2 gl/4 d~l/4 ( 2. 15) 

Toei and Matsuno ( 3 0) assume: 
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0 

Unlike Rowe and Partridge the authors use a penetration 

type equation, which reads for the two dimensional bubble 

they had under study: 

K 
0 1+2 Ë /(a-1) 

0 

(2.16) 

When a is large and with Ub= 0.35 lg db fora two dimen

sional bubble equation (2.16) becomes 

0.36 Ë lDl/2 gl/4 -1/4 
0 db (2.17) 

Toei and Matsuno also report transfer by "shedding of the 

cloud", by which is meant that parts of the cloud perio

dically are rejected by the bubble and are left behind 

through the wake of the bubble. Toei and Matsuno explain 

the phenomena by a periodic variation in the bubble velo

ci ty and so in the cloud diameter. They estimate the 

transfer by shedding to be in the order of one third of 

the total transfer (a ~ 5) . The shedding has been made 

visible by Rowe, Partridge and Lyall (31) by means of 

coloured nitrogendioxyde gas in the bubble. 

Kunii and Levenspiel (32, 33, 34, 35) do not restrict the 

number of resistances to one. 

They assume: 

R1 R2 0 

eb f cc + cd 

The concentrations within the bubble, cloud and dense 

phase are considered uniform. 

For R0 and R3 Higbie type relations are taken, according 

to the model of Davidson and Harrison. 
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Instead of a transfer coefficient an exchange coeffi-

cient kc is introduced which is defined as the rate of 

transfer per unit volume of bubble phase: 

3 
ndb 

N = kc - 6- !::. C 

or: 

For the transfer coef f icient from bubble to cloud is 

found: 

(2 .18) 

In accordance with Davidson and Harrison's theory, the 

fluxes by convection and diffusion are added. 

Only dif fusion is taken into account for the transport 

from cloud to dense phase: 

k 6.78 [ 'o IDUbt 
ce d 3 

b 

Finally 1 l + _l_ 
k = ~ k c be ce 

Chiba and Kobayashi (36) assume: 

RO R4 = R3 = 0 

cc ca. 

(2 .19) 

(2.20) 

They start from Murray's flow pattern around the spherical 

bubble. Their transfer equation is of the penetration type. 

(2. 21) 

if no adsorption takes place. 
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If adsorption does take place K0 must be multiplied by a 

factor 

,1 + ~)]~ 
2 Ct-1 

where m = partition coefficient defined as the volume of 

gas under standard conditions absorbed within a standard 

volume of solid. 

For large et and m = 0 we arrive at 

0. 95 € IDl/2 gl/4 d~l/4 (2.22) 

with the aid of the relation between bubble diameter and 

bubble velocity Ub= 0.7 ~· 

All foregoing penetration type relations are based on 

the differential equation 

ID [: :~ l = :e [ ~~ l (2. 23) 

The radial flow and the curvature of the bubble are neg

lected. 

A theory in which bath radial and tangential velocities 

are taken into the calculation is given for transfer from 

a gas bubble toa surrounding liquid by Johnson et al (37). 

The authors do neglect the effects of curvature in the 

diffusion terms and start with 

u 
r 

(2.24) 

with ur and u 8 taken as simplified functions of the poten

tial flow theory. They find: 

O.B 9 IDl/2 gl/4 d~l/4 (2.25) 
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The theory has not been applied on a bubble in a fluidized 

bed. Velocity functions will then be too complex to be 

solved analytically. 

The theoretical approaches are c.ompared in table I. 

1\uthor 
R3 extra ·nature of transfer coefflcient 

transfer relat!on K0 for high o: 

t . Rowe/Partridge boundary J t 0 lD 112g 114d~514 
layer type 

2. Davldson/Harrison 
u 

pene tra- 4 . 5 --/-b + 
tien type 

5 . 85 ID l/2ql/4a;;5/4 

). 'i'oei/Matsuno 

( two-dimensional 

4. Kuni 1/ Levenspiel. penetra- see equation (2. 18) 
tion type 

5. Chiba/Kobayashi ~f~~rp- i~~~t~;~e 5. 70 co ID l/2gl/4<Ç5/4 
~~~~~~~~~~~~~~~~~~~~~~ 

Table I. 

Comparison of theories for mass transfer from bubble to 

dense phase. 

Note: 

As is mentioned at the beginning of this section diffusion 

and convection are simultaneous processes. 

Therefore, transfer calculations should take bath fluxes 

together in the differential equations. This has in some 

degree been done by the authors 2, 3, 4 and 5. They all 

consider a tangential flux along the bubble (or cloud) 

surface as is given by equation (2.23), but do not account 

for the radial convective flux. 

For the same reason authors 2 and 3 add to the transfer 

coefficient a contribution derived frorn the flux of gas 

through the bubble. 
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The effect of convection confines the applicability of 

the exchange coefficient as defined by Kunii and Leven

spiel. Only in a stoichastic process, as diffusion, or 

if an equal arnount of fluid flows frorn one phase to the 

other, the transfer can be described by a transfer coef

ficient and a driving force. When the flow to the bubble 

is greater than that leaving the bubble volume, as is 

rernarked by Rieterna (38) and by Davies and Richardson 

(39) in the case of an expanded bed, transfer cannot be 

described by an exchange coefficient and a driving force. 

Davies and Richardson work with a coefficient that de

fines the growth rate for expanded fluidized beds. 

The effect of the bubble curvature has been neglected by 

all authors. Since the diffusion layers are very small 

this seerns perrnissible for high values of a. 

The concentration in the cloud has been taken equal to 

that in the bubble by authors 3 and 1. Further in this 

chapter this will appear not to be true, especially when 

a chernical reaction occurs. Authors 1 use a boundary 

layer type equation for the transfer, a correlation 

rneasured for rnass transfer frorn a solid sphere. The cloud 

boundary, however, is not a fixed surface. 

There is only a rather gradual difference in velocity of 

both gas and solid across this boundary. 

Measurernents of the transfer coefficient have been per

forrned by 

a. Toei and Matsuno (for two dirnensional bubbles) 

b. Potter et al 

c. Chiba and Kobayashi. 

Toei and Matsuno found the concentration of gas in a bub

ble by sucking up the bubble after it had traversed a 

certain distance in the bed and analysing the gas contents 



in a gas chromatograph. Their data coincide well with 

the0ry. 
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Potter et al (40, 41, 42) measured concentrations direct

ly in the bed. When a two- phase model is applied without 

dispersion terms, the transfer coefficient can be calcu

lated directly from the concentration in the bed, when 

gas is injected continuously in the bed and the concen

tration is followed upstream (back-mixing). 

Potter et al start from the Davidson and Harrison model, 

but do not apply it correctly. 

Their experimentally determined fluxes do not spread 

around the theory, as is shown in their contribution (42), 

but are about three times higher than theory predicts. 

Especially for beds with a high incipient fluidization 

velocity, hence for bubbles in these beds with a high a 

and therefore a large cloud, the transfer coefficients 

are high. This may well be caused by the gas originally 

present in the cloud. When the bubble leaves the bed, the 

cloud contents are recirculated in the dense phase and 

add considerably to the concentration measured. For some 

cases estimates did show a contribution of 40 per cent 

to the total transfer coefficient. 

Chiba and Kobayashi measured the concentration of ozone 

directly within a bubble with a U.V.- spectrophotometer. 

Bubble geometry was measured downstream with a photo

electric cell. Only two per cent. of all data were used. 

These data coincide with theory. 

Davies and Richardson (39) measured the concentration of 

carbondioxyde transferred from injected bubbles to the 

dense phase at incipient fluidization velocity. 

The results of the various authors are given in figure 11 

and will be discussed later on. 
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Conclusively it may be said that the curvature of the 

bubble is not taken into account by any author. Velocity 

distributions of gas and solid are only incorporated for 

the tangential direction. 

Radial velocities are not accounted for by any author, 

who describes transfer from bubbles in fluidized beds. 

In the next section attention will be paid to a model 

in which all these parameters are incorporated. The solu

tion of the resulting equations must necessarily be of 

numerical nature. 

Some of the theoretical, as well as experimental results 

have already been reported by Drinkenburg, Rietema and 

Koolen (43) earlier. 

EQQ1~Q1~-2~9~-~§~ 
Davies and Taylor (22) introduced the semi-emperical 

relationship 

ub= 0.792 g1;2vb1/6 

in which Vb is the bubble volume. 

Davidson and Harrison both used the same correlation for 

bubbles in fluidized beds. 

For a spherical bubble the equation reads 

ub= 0.711 g1;2 db1;2 

3 
Tidb 

with vb ~-6-
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2 . 3 Numerical model [or gas transfer between bubble and 

dense phase with simultaneous diffusion and convec

tion mechanisms 

For a flux of a component in a system the following equa

tion holds when the production rate of the component is 

zero: 

N = - E ~ c + [E u + (1 - E )v')c o- 0 -
(2.26) 

N flux of the component of which the concentration is 

c 

~ vectorial gas velocity 

v' vectorial velocity of the gas-component contained 

within the particle either by adsorption or due to 

the internal porosity of the solid 

E effective diffusion coefficient op the component in 

the system. ;i: 

The definition of ~· needs further e xplanation. In the 

equation it is assumed, that the concentration of gas in

side the particles is proportional to the surrounding gas 

concentration. 

This assumption is valid if the following conditions hold 

a. the adsorption isotherm is linear 

b. the adsorption-desorption equilibrium is established 

immediately 

c. the transport inside the particle by diffusion is 

very rapid . 

For a large number of gases adsorbed on different solids 

the conditions a. and b. are valid at moderate concentra

tions. Condition c. holds for small particles. The time 

needed for the system to establish equilibrium between 

the interstitial gas and the gas in the particles can be 

;i: In this thesis E will be used for effective diffusion 
coefficient or dispersion coefficient and IDfor the 
molecular diffusion coefficient. 
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estimated by a Fourrier time: 

in which 

d diameter of the particle 
p 

ID molar diffusion coefficient. 

The time tF must be small compared to the contact time 

of a bubble. A quick estimate for air at room temperature 

and a particle of 100 µm teaches that tF is of the order 

of 10-4 second , while a time of 10-2 second is needed 

for a particle to be swept around a bubble. 

Experimental results in a packed bed described later on 

show the above assumption to be valid. 

The velocity v'is now defined as: 

V 1 E, V 
l -

v linear solids velocity vector. 

The factor Ei is thé effective internal capacity of the 

particles. It is composed of the real internal porosity 

E of the particles and the volume of gas that would 
p 

otherwise be occupied by the molecules adsorbed at the 

particle surface. 

When the adsorption isotherm is linear we may put this 

converted porosity equal tok ·s , S being the specific 
a p p 

surface of the particles and ka a partition coefficient. 

Now E. = E + .k S . Note that E. can be much higher than 
l p a p i 

one. In all further calculations E. is regarded as one 
l ~-

independent parameter. 

For the case of simplicity the concentration inside the 

bubble will be considered to be: 

1. quasi-stationary 

2. uniform throughout the bubble by internal mixing pro-

cesses. 
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The first consideration is right when the decay time of 

the gas concentration in the bubble is low compared with 

the time that the particles and the gas between the par

ticles are in the vicinity of the bubble. This time will 

also be of the order of 10-2 second. 

For the transfer process itself the half life time is ex

pacted to be of the order of seconds. 

The second consideration can only be proved experimental

ly. Indeed, in the experiments, which will be described 

in the next chapter, it did appear that fluctuations of 

the concentration in the bubble have a frequency which is 

high compared with the reciprocal residence time of the gas 

in the bubble. When a Reynolds number is calculated for 

the bubble, defined as 

Re 

then we arrive at values for Re lower than 100. Since, 

however, the gas enters the bubble from many opposite 

directions, this Re number is high enough to cause ac

ceptable mixing inside the bubble. 

Therefore, we may put 

VN = 0 

or: 

- E v2c + v(c{e: u + (1-e: lv' }) = o o- 0 -
(2.27) 

For non compressible systems the equation of continuity 

gives: 

ll{e: u + (1-e: )v'} ~ 0, hence, o- 0 -

- EV 2 c + {e: u + (1-e: )v'} 17 c o- 0 -
0 (2. 28) 
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In the following ~ = E0~ + (l-E0 )y' is replaced by its 

two components wr and w8 • 

_ E [ a 2 c + ~ l.9_ + .!__ ó 2 c + 1 l.9_] 
ar2 r ar r 2 ae 2 r 2tan8 ae 

dC W8 ÓC 
+ wr ar+ r n 0 (2.29) 

Boundary conditions: 

at r = a c = eb, the concentration inside the bubble 

at r = 00 : c 0 

at e 0 dC 
0 as 

Equation (2.29) can be reduced to a dimensionless equa

tion after introducing: 

C c/cb 

y r/a 

f3 Ej.(a us 00 ) 

w = ~/usoo 

B.C.: 

y 1 c 
y 00 c 
e 0 ac 

Të 

0 (2.30) 

1 

0 

0 

This equation is difficult to solve numerically owingto 

the second order differential in the 8-direction. 

Since, however, the diffusive flux in the 8-direction 

must necessarily be very low, the concentration gradient 

in this direction will be very small compared with the 
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gradient in the radial direction,and because y is always 

larger than unity,the term.!__ a 2c can be neglected~ 
i ac y 2 ae 2 

The term 2t e äEi has the pecularity that for large 8 
y an 

the term can be neglected, while for e ~ 0 and e ~ n both 
ac tane and äë tend to zero and, therefore, the product 

i ac 
tane äë could be undefined. 
Development in a series, however, shows that for small e 

ac ac 2 2 
+ e {.LÇ} e {.LÇ} 

ä'ë {äë} 0 
ae 2 o ae 2 

since ac 
{ä'ë} 0 = 0 (boundary condition). 

The same applies to 0 = TI • 

Because 
lim tane e = e+o 

lim 1 ac 1 2 
{LÇ_} which tends 8-+0 2 äë 2 ae 2 

to zero as has 
y tane y 

already been noted, and equation (2.30) changes into: 

_ a [a 2c + ~ ac] + w lf. + we ac 
ay2 y ay y ay -y äEï 0 (2.31) 

This is an ordinary linear partial differential equation, 

but one which cannot be solved analytically because the 

parameters wy and w8 are too complex functions of 8 and y. 

When the concentration profile around the bubble is sol

ved, N can be calculated. 

2 Now N = Ko. Tidb . 6C or N for a spheri-

cal bubble. 
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2.3.1 TheoretiaaZ resuZts (no ahemiaaZ reaation) 

The equation (2.31) has been solved numerically 

using bath Davidson and Harrison's and Murray's equations 

for the motion of gas and solid. 

The calculations were performed on the Electrologica 

EL-X8 digital computer of the Eindhoven University of 

-Technology . 

Around one vertical half of a spherical bubble was con

structed a mesh of 200 steps in the tangential direction 

and generally 100 steps in the radial direction. 

For each cross point the velocities were calculated and 

inserted in the differential equation. Starting from the 

top each radial row is solved for all cross pants simul~ 

taneously by means of an implicit numerical method, the 

Gauss elimination. 

In figure 5 theoretical results are given for the transfer 

coefficient as a function of the bubble diameter. 

Since many parameters are involved in the calculation, 

viz.: E0 , Ei' usoo' E, db' Ub' a selection must be made 

as to the variable to be used as a parameter in the fi

gure. 

As variables were taken the effective diffusion coeffi

cient E , the real gas veloci ty in the bed u 500 , and the 

internal capacity ei. The following values. have been 

assigned to the parameters: 

E 0.5 
0 

E. 0 (variable 
l 

in figure Se) 

u 1 cm/s (variable in figure Sb) 
500 

2 
E 0.075 cm /s (variable in figure Sa) 

ub 0.7 ,/g db 



K 
0 

cm/ s 

1.0 

t 

0.5 

E =.S 
0 

E.=O 
l. 

u = cm/s 
500 

E 

---
2 

cm. / s o.__ __ __._ ___ L.._~ 
o 5 -a IOcm 

b . 

Sa 

K 
0 

0. 

E =.5 
e::?=o 

l. 

E=.075 2 
cm / 

0 '-----'----L-----1 

0 5 - 10 
dbcm 

Sb 

o.__ __ _._ ___ L.._ __ __,_ _ __, 

0 5 

Figure 5. 
Se 

Transfer coefficient as a function of bubble ·diameter. 
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The results from figure Sa are according to expectation: 

the greater the diffusion coefficient and the smaller the 

bubble diameter, the greater the transfer coefficient. 

Figure 5b shows the influence of the interstitial gas ve

loci ty i.e. indirectly the influence of et, hence the cl oud 

diameter. If et is small, i.e. when u is large at con-soo 
stant bubble velocity, the cloud will be large and, there-

fore, also the resistance to diffusion. This effect is 

rather surprising, since normally a fluidized bed is con

sidered as behaving very well when the dense phase is ex

panded. However, this means that us 00 becomes higher, 

thereby decreasing the transfer coefficient. 

The last conclusion is only valid for an infinite bed 

height. Otherwise the same effect is found as was noted 

in section 2.2 for Potter's experiments: when the cloud 

is large, the volume of gas in it is considerable and 

when the bubble leaves the bed this volume is left behind 

in the dense phase, thereby increasing the transfer. 

Finally, the effect of increasing the adsorption coeffi

cient is quite reasonable. 

One would like to combine the variables into a few dimen

sionless numbers. Some of the parameters have already 

been used in dimensionless form,viz.: 

et= Ub/usoo' Eo' Ei. 

A fourth number which fellows directly from the differen

tial equation is 

The transfer coefficient is combined with et, db' and E to 

give an apparent Sherwood number 

K d 
Sh' = ~ 

et E 



Sh' will have the value one if, for high a, the whole 

diffusion layer is concentrated within a distance equal 

to twice the cloud radius minus the bubble radius. 

Now we can plot two of these dimensionless numbers on 
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the axes and use a third as a parameter. This, however, 

leaves still two numbers with a fixed value. 

In figure 6 the variables a and Sh' have been chosen for 

the axis and E / (u db) as a parameter. soo 
Figure 6a gives the theoretical results according to 

Davidson and Harrison's theory, figure 6b according to 

the stream functions given by Murray. In both figures the 

remaining parameters were taken as: E0 0.5 and Ei O. 

Sh' Sh' 
4 4 

E =.5 E =.5 

î 
0 t 0 

E.=O E.=O 
l l 

3 3 

3 
(E/us 00 .db) .10 

2 

----___:iO 

0 
0 

t o o 0 ..,___-="..,__ _ _.,,.,,..---::!-::--~"'"" 
60- 80 0 20 40 20 40 a 

a. Stream function by b. Stream function by 
Davidson and Harrison Murray 

Figure 6. 

Apparent Sherwood number vs db 

E0 = 0.5, Ei= 0. 
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From the graphs it is clear that the results based on 

these two theories do not differ too much for high values 

of a. From this type of chart transfer coefficients can 

be extrapolated for other cases. 

The variation of the transfer coefficient K0 with e0 is 

not very great. For example, a variation in E between 
0 

0.4 and 0.6, which can be regarded as the two extreme pos-

sibilities, gave a variation of K0 from 0.70 to 0.65 cm/s. 

High deviations are found when Ei is increased (see fi

gure Se). 

An internal capacity E. equal to zero is of course very well 
1 

possible and so are values up to 10 as will be shown later 

on. The factor by which the transfer coefficient without 

the effect of internal capacity must be multiplied in or

der to find the real transfer coefficient is presented for 

one case in figure 7. 

5 d = 
b 

l 0 
4 4 

t 
2 
l 

factor 
3 cm 

2 E =.5 
0 2 

E=.075cm /s 
u lcm/s soo 

0 
0 5 - 10 

E. 
]_ 

Figure 7. 

Ratio between the transfer coefficient with and without 

adsorption. 
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The effect of the adsorption can also be seen from the 

amount of adsorbed gas that is taken across the Davidson 

and Harrison cloud boundary. 

In figure 8 the ratio is given between gas transferred 

across this boundary by convection and by diffusion. 

8 

, t io 1 
6 

4 

2 

0 
0 

Figure 8. 

E.=10 
1 

E =.5 

u 

0 2 
E=.075 cm /s 

1 cm/s 
500 

5 - db 

5 

2 
1 

10 

Ratio of the flows across the cloud boundary by convection 

and diffusion. Cloud calculated according to Davidson and 

Harrison's theory. 

A last comparison of the theoretical results is given in 

figure 9 for ~values equal to 22 and l. 5 respectively. 

Here the concentrations are given as a function of the 

distance from the bubble. 
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In figure 9a, where diffusion determines the process, the 

concentration lines are as good as linear for short dis

tances from the bubble boundary. 

In figure 9b convection dominates over diffusion. 

The "washing out" effect of the incoming solids at the 

top of the bubble is clearly demonstrated. For large 

values of e the effect of the concentration track, that 

is the trace of gas left behind by the rising bubbl~. can 

be seen. 

162° 

î ~ 

" c '\: c 
"-.: -1 
~ -k =Os 

- - r 

'!'"'-.: =25s -1 k 
0.5 c:J 1 ' 

0.5 r 
8= 162° 

1 '-.. 

_ :8=0 to 9~......_ 
db-1 cm 2 _ 1 
E=.075 cm /,_k =O s 
E: =,5 -- r -1 
s ~=O 1 kr=25s 

0 0 
r:O cl oud r r:o 

boundory 

a b 

Figure 9; 

Concentration vs radial distance. 

a: a = 22 b: CJ. = 1.5 

The assumption that the concentration inside the cloud is 

constant and equal to the concentration in the bubble, does 



not hold. This is even more so if a chemical reaction 

takes place in the system; especially in the case of 

a = 1.5 (see figure 9b). 

2.3.2 TheoreticaZ resuZts, chemicaZ reaction incZuded 

In the numerical calculus, equation (2.27) has 

been extended to 
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0 (2.32) 

RA being the production of the component A per unit vo

lume and time. In a first order reaction R = (1-E )C k 
A o A r 

where k = reaction rate constant. 
r 

Of course a reaction can considerably reduce the concen-

tra tion, increasing the concentration gradient at the 

bubble boundary, thereby increasing the transfer coeffi

cient. Figure 10 shows how the transfer coefficient in

creases with increasing reaction rate, where the bubble 

diameter is the parameter. Ultimately the same limit is 

reached for all bubble diameters at high reaction rates 

kr. Also when the transfer rate is calculated with Murray's 

stream function the same asymptotic value is found. 

For these high reaction rates the whole concentration pro

file is situated very near the bubble boundary; convection 

then plays a subordinate part. Therefore, equation (2.32) 

may be simplified to 

- E v2c + k (1-E )C r o 0 (2.33) 

or 

a2c - E + k (1-s )C = 0, in which x = distance from the 
ax2 r 0 

bubble. (Because x is always small compared to the bubble 

diameter, orthogonal co-ordinates can be used here). 
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Boundary conditions: 

x 0 c 1 

x = "' : c 0 

The solution is found to be: 

(2.34) 

For the transfer coefficient it fellows that 

Ik ( 1-s ) E 
r o (2.35) 

With E 0. 075 cm2 /s values of K have been given in figure 
0 

10. This curve can be seen to be the asymptote for the 

theoretical values of K0 as kr is increased. 

It has to be remarked here that a was very large for all 

curves except one (a = 1.5). 

cm/s 3 

2 

0.025 

Figure 10. 

stream function 
stream function 

a= 1. 5 

Harr. 

25 250 - -1 
k s 

r 

Dependence of the transfer coefficient K0 of the reaction 

rate k in case of a first order chemical reaction. 
r 



2.4 Other modes of transfer. General formulation 

Besides rnass transfer by diffusion and convection, 

as described by the mathematica! model given in section 

2.3, rnass transfer can take place through the occurence 

of other phenornena in and around the bubble. 

One form was already rnentioned, narnely shedding of the 

cloud, a periodic rnechanisrn related to instabilities in 

bubble velocity. 

Two more possible rnass transfer phenornena are: 

coalescence and redispersion of bubbles 

"raining through" of particles through the bubble. 
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Coalescence is a frequently occuring process in a freely 

bubbling fluidized bed. Coalescence has been described 

by several authors (44, 45). The process rnostly takes 

place in the following way: 

when two bubbles carne near to each other in a freely bub

bling bed, the lowest bubble is accelerated and is sucked 

into the base of the upper bubble. Already before the ac

tual coalescence takes place, under the influence of a 

pressure gradient, gas frorn the lower bubbles flowsthrough 

the porous dense phase into the upper bubble (Gabor (46)), 

this in contrast with bubbles in a gas/liquid systern. 

Especially during this period the mass transfer rate is 

high. 

A bubble is split up into two smaller ones after an ini

tial process in which the roof of the bubble is indented 

inwards. The solid rnaterial farms a "finger" in the bub

ble, which grows fast to a separating wall. It has been 

found experirnentally that the bubble is not cornpletely 

void of particles. This has been rneasured by Kunii 

et al (44). Also frorn experirnents by Gabor (47) it can be 

concluded that in his two dirnenional bubble, 15 per cent 

of the solids originally present in the bubb-le trae:k l.'las

sed through the bubble. 
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It will be difficult to distinguish between the two last 

mentioned transfer mechanisms, i.e. the continuous split

ting and recoalescing of a bubble and the raining through 

of "fingers" of solid particles or merely raining through 

of separate particles. 

Rietema (4 8 ) in his introductory paper to the Washington 

Symposium gave a classification of the different mecha

nisms of transfer. 

He distinguishes three kinds of diffusion action: 

1. The effective molar diffusion through a packed bed, 

which can be written as 

ID 
E = 2 

B 
(2. 36) 

in which B is the tortuosity factor for mass transport. 

2. Eddy diffusion by the solids. The solid particles have 

a certain mobility in the fluidized state and, there

fore,contribute to the mixing process. This contribu

tion E may be related to the internal bed parameters: 
p 

(2.37) 

in which y is a mobility factor. 

3. Eddy diffusion in the gas phase. This diffusion is re-

lated to the Bodenstein number. 

u d 
-9.....E 
Erad 

(2.38) 

Since the transfer of gas from the bubble is mainly 

in the radial direction Bo d has to be considered. ra 
For low -Re numbers Bo d is high and E d approximates ra ra 
ID. It is clear that in such a case Erad gives no extra 

contribution. For high Re numbers Bo d approximates ra 
the value of 10 and Erad becomes significant. 
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This will generally not be the case for fluidization 

of fine material. 

For the total effective diffusion coefficient we find: 

E 
u d 

ID + o n n - ~+yE: 

B2 Borad 
(2.39) 

This value may be put into a relation as has been given 

by Higbie: 

k = 
cl 

where 

6 a E:. 
l ( 2. 40) 

T = average contact time of a volume element in the dense 

phase with the bubble 

a = correlation coefficient. 

Adsorption can be described with a similar equation. 

Allowance has to be made for the internal capacity of the 

bed material. 

E: 0 in equation (2.40) now changes into 

E:o + (l-E:o) E:i 
p = 

(2.41) 

A similar equation is given by Chiba and Kobayashi (36). 

In this context the effect of raining through may be 

given by 

(2. 42) 

The latter equation may be visualized as follows: 

when a bubble rises through the bed, it describes in time 

a bubble track with a cross-sectional area equal to that 
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2 
7T db 

of the bubble: --4-

Per unit of time the volume of the track traversed is: 

2 
7Tdb 
-4-· ub 

A percentage K of the solids in this track rains through 

the bubble and adsorbs gas in pores and on the surface. 

The transfer rate is now 

2 
7Tdb 

K --4- • Ub • E:i 

which, when related to the bubble volume, gives equation 

( 2. 42). 

The contribution of coalescence and splitting up of bub

bles could, according to Rietema, .be correlated with: 

ub 
kc 4 = 6 n c . ër" ê 

b 
c = correlation coefficient 

n fractional gas exchange by coalescence 

ê bubble f raction in the bed 

Naw the total gas exchange coefficient becomes: 

6 a E: p~ 

[; 
+ _1_)r 0 + u d (y 

n 

d .~ 
E: 

0 p 0 Bo rad 
b 

+ 
6Ub 

(b + n c ê ) 
db 

E:. 
l. 

(2.43) 

Using u = b 0.7 v'g db and T "' db/Ub one finds: 

kcub p ID) 
~ 

[~2 
u d + _l_)r (g +~ (y 

n 
6"g = a E:o E: 

u 3 ID 0 Bo rad 
b (2. 44) 

+ b E: + n c ê 
0 



k Ub g p ID ~ 
By platting c VB (~~-..,....,,.3-) 

g ub 
the impact of the various 

processes can be studied. 

The following relationships are now calculated from the 

theories. 

Davidson and Harrison (without q) 
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~ 
2.40 (~) 

u 3 
(2.45) 

b 

Rowe and Partridge (for high a) 

~ 
1. 23 E(g n;) 

ub 

Kunii and Levenspiel (with ~c 0) 

~ ~ 
2.78 E (~) 

u 3 
b 

Chiba and Kobayashi 

Figure 11 presents the correlations. 

(2. 46) 

(2. 4 7) 

(2.48) 

Some of the numerical results of the model of section 2,3 

are also given. 

For high values of a the results of these calculations 

fall in between the theoretical results of the other 

authors. For the line drawn in figure lla the intersti

tial linear gas velocity has been taken as 1 cm/s. 

The bubble diameter has been varied over the range 1 to 

10 cm, the diffusion coefficient over the range 0.025 to 

0.075 cm2/s and E. over a range of 0 to 10. The values of 
l. 
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E and u have been kept constant. Not toe much variation 
0 soo 

can be expected from differences in E 0 since K0 is only 

weakly dependent on this parameter. 

Very much variation is expected when us00 is varied, and 

consequently a is varied. The value of usoo does not appear 

in the literature correlations, but from figure llb it is 

clear that is has a marked influence upon k . 
c 

In figure llb lines have been drawn for various values of 

u with the vertical axis shifted. 
500 

In combination with figure 6a estimates can be made of the 

transfer coefficient at any value of the parameters. 

All numerical values in figure 11 have been calculated 

with the stream function of Davidson and Harrison. 

In figure llc the experimentally found transfer coefficients 

from the literature have been plotted. The results scatter 

with a factor ten. 

Chiba and Kobayashi's results are the closest to the theore

tical lines, of which the two extremes have been drawn. 

Chiba and Kobayashi used a direct measuring method for the 

concentration in the bubble. Potter et al and Davies and 

Richardson used an indirect method. 
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TRANSFER OF GAS FROM ARTIFICIAL TWO-DIMENSIONAL BUBBLES 

TO THE DENSE PHASE 

3.1 The "falling" bed 

In the literature the transfer of gas between bubble 

and dense phase has never been continuously followed 

during the bubble's rise through the bed. 

In the experiments described here, an approach has been 

taken in which the bubble was kept in its place, while 

the solids moved along the bubble with a velocity corres-

to 

.--- --- --
measurin 
se·ct ion ,... - , 

star 

Figure 12. 

' ' L - ..} 

4 
: solids 
1 

î 
air 

The "falling" bed. 

ponding to the normal bubble 

velocity. 

The downward moving solids 

flow was created with the 

system given in figure 12. 

The pressure drop over the 

bed is of the order of 100 

of water, and the linear 

cm 

solids velocity can be varied 

between 8 and 35 cm/seconds. 

Two fans in series draw gas 

through a riser in which 

solids are carried upward 

pneurnatically. The solids are 

separated from the main gas 

flow in a cyclone battery on 

top of a hopper. From this 

hopper the solids flow down

ward more or less f reely in a 

rectangular column made of 

perspex. The rate of the solids 

flow is regulated by a rotat

ing star valve in the bottom 
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of the column. The solids are fed back to the riser and 

recirculated. In the downcoming stream in the rectangular 

column (4 x 10 cm cross section and a height of 2 meters), 

further on called the "falling" bed, a rather remarkable 

pressure profile is found (see figure 13) . 

From the top of the"falling"bed the pressure increases to 

a certain level where the gradient reverses and drops to 

a pressure which is nearly atmospheric. For the pressure 

gradient in the top part a value is measured that corres

ponds to that of an incipient fluidized bed of the same 

material, in this case spent cracking catalyst. 

cm wc 
30 

0 

-30 

top 

1 

----- -----+-
/ 

______ l __ atmospheric 

1 pressure 
fluidized state lpacked 

1state 

-x cm bottom 

210 180 150 120 90 60 30 0 

Figure 13. 

Pressure profile over the "falling" bed. 
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It was therefore assumed that this part of the bed was 

fluidized, as could also be observed from the more free 

flowing character of the solids pattern. 

Below the inversion point the packed state obviously 

occurs. These two different states of the bed can be ex

plained by a difference in porosity between the two parts 

of the bed. 

In a stationary bed the superficial gas and solids velo

ci ty must of course be the same throughout the whole bed. 

This, therefore, means that: 

and 

( 3. 1) 

in which E01 and E02 are respectively the porosities in 

the fluidized and packed state, while u is the real gas 

velocity and v the real solids velocity. 

What determines the pressure gradient is not the real gas 

velocity, but the slip velocity vs between gas and solid 

particles, this being the difference in real velocities 

between the two phases. 

v = v - u 
s 

(3. 2) 

Now we must bear in mind that the difference between the 

real gas and solids velocities is very small compared 

with the bubble velocity (and thus here the real solids 

velocity). This is demonstrated in figure 14. 

In the top part the solids come down with a velocity v 1 , 

dragging gas with them with velocity u 1 • 

vsl = v 1 - u 1 can be correlated with the equation of Ergun 

to the porosity and the pressure gradient: 
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3.E 15Dn (1-e:o) 2 
v dx ~ 2 s 

p e:o 

( 3. 3) 

When the x-coordinate is positive in the upward direction 

it shoud be noted that in the upper part vs is negative 

and hence ~ is negative. 

Also,in the original Ergun equation it is not the slip 

velocity v which appears but the relative superficial s 
gas velocity us -vs e: 0 • 

fluidized state 

1 
j 

e:o 1 

x 

t 
u 1 

::l_ ___ vsl 

j 
E:02 

v2 

u2 vs2 

packed state 

Figure 14. 

Velocities in the "falling" bed. 

As long as the solids fall freely and in steady state the 

pressure gradient must also equal the specific mass of the 

dispersion: ~ - Pa g, with 

( 3. 4) 



60 

pd density of the dispersion 

Ps density of the solids 

pg density of the fluidizing gas. 

No allowance is made here for friction along the wall of 

the column. For the lower part equation (3.3) still holds. 

However, since E01 becomes smaller, u 2 increases and v 2 
decreases, thus vs becomes positive, hence also ~· 

Take for example the system spent cracking catalyst (see 

appendix A for the particle size distribution) and air. 

The incipient fluidization velocity umf = 0.20 cm/s at a 

porosity of E = 0.42. The real velocity of the solids is 
0 

-22 cm/sec. (corresponding with the velocity of a bubble 

of 1 cm in diameter) . 

Suppose that the porosity of the fluidized part E01 is 

slightly more than the porosity at incipient fluidization, 

sa let E01 be 0.43. 

From equations (3.3) and (3.4) the corresponding slip 

velocity is -0.51 cm/s. 

Thus, u 1 = vi + 0.5l cm/s = - 21.49 cm/s. 

The superficial velocities of the gas and solids respec

tively are now: 

0.43 . (-21.49) 9. 25 cm/s and 0. 57 . (-22) - 12.5 

cm/s, giving for u 2 and v 2 values of: 

9 · 25 - - 22 cm/s 0.42 - and ~:s~ = ~ 21.5 cm/s respectively. 

So for the lower part, since the porosity has fallen by 

0.01, the slip velocity is inverted from - 0.5 cm/s to 

+ 0.5 cm/s. For higher solids velocities the difference 

becomes even greater. The small packed part at the bottom 

is of great influence for the stability of the system. 

Care was taken that the measuring section was always in 

the fluidized part of the bed. 



Porosities in the bed were measured by drawing a sample 

using the device shown in figure 15. 
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Releasing a spring moves a hollow cylinder rapidly across 

the bed, isolating the solid material originally present 

in front of the cylinder. 

The solids are removed from the cylinder and weighed. 

Figure 15. 

Porosity measuring device. 
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3.2.1 The a~tificiaZ bubble 

To keep the bubble in its place a gauze cap was 

mounted in the bed. With moving solids an artificial bub

ble was formed automatically underneath the cap. 

It was hoped that the gauze would not increase the resist

ance to gas flow too much. Through the cap two capillary 

tubes were inserted in the bubble, one for injection pur

poses, the other for sampling the bubble. Bath tubes 

served as a support of the cap (see photo 2). 

The cap was semi-cylindrical, since the bed is essentially 

two-dimensional, the depth being only 4 cm. 

In this way a two dimensional bubble was formed. 

3.2.2 Detection technique 

Injecting a tracer into the bubble does not provide 

any difficulty. It was done by means of a micro-injection 

syringe or by an electromagnetic valve. 

Troubles arise in connection with the tracer analysis. 

The detection technique must fulfil two requirements: 

1. The rate of sampling must be so small that the volume 

taken during one experiment is low compared with the 

bubble volume. 

2. The sample must be detected undisturbed, which means 

that dispersion of the sample in the connection line 

to the analyser must be minimized. 

Addendum requirement 1. 

A bubble as small as 1 cm diameter has a volume of about 

0.5 cm3 . The time in which an experiment elapses is of 

the order of 5 seconds. So the sampling rate must be 

smaller than 0.1 cm3/sec. In appendix B details are given 



Photo 1 

The falling bed equipment 



Photo 2 

Gauze cap used in experiments 



about methods of analysing. 

A. flame ionization detector with a sampling rate as low 

as 2 cm3/minute was chosen as the analyser. 

Addendum to requirement 2. 
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Mixing in a capillary tube can be avoided if the tube 

diameter is small enough. For axial fluxes small compared 

with the radial flux by diffusion, the velocity profile 

according to Poisseuill~s law will not influence the 

axial mixing, since the gas near the wall is quickly ex

changed with that of the centra.l regions. This mechanism 

may be considered to result in nearly plug flow, when 

Tdl ID 

R 2 
t 

where 

> 7 

Tdl residence time in the detection line 

Rt radius of the capillary tube (54). 

The same property is used in gas chromatographic analysis 

in capillary columns. 

It is also forbidden to have any dead corners in the samp

ling line that could otherwise disturb the concentration 

profile. Pumps and valves must be avoided. Therefore, the 

flame ionization detector was mounted in a housing that 

was kept at a pressure of 0.5 atm. The tubing was drawn up 

in the detector into the flame itself. 

For a step given in the concentration at the beginning of 

the capillary tube a spread of less than 0.1 sec. was ob

tained at the end. 

More information about the detector is also given in 

appendix B. 
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3.2.3 EvaZuation of the transfer eoeffi eient 

The concentration in the bubble was recorded after 

an injection has been given. Figure 16 is an example of 

an experimental curve. 

r---~ - - - - - -=--==-=-=-:-:._=--=-=-"'~-----

Figure 16. 

Experimental response. 

-time 

The first part of the injected pulse cannot be followed 

by the detector and recording instrument, the response 

being too slow. In a fraction of a second the recorder 

catches up with the signal and the decay curve is record

ed. That this decay curve can be described by a normal 

transfer coefficient can be seen when the logarithm of 

the concentration is plotted versus time (figure 17). 



tracer: methane 

0.1 

cm/s 

0.01....._ ___ ,__ __ __JL_ __ __. _ __ __1. ___ _J 

2 3 4 5 
time-s 

Figure 17. 

Plot of some experimental curves. 

Vb being the bubble volume and Sb being its surface. 

For a spherical bubble with Cd = 0: 

or: 
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(3. 5) 

(3. 6) 

From the slope of the curve in figure 17, K can be calo 
culated directly. 
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3.J The tracer gases 

Since a gas flame ionisation analyser was used, only 

carbon containing gases could be used as a tracer. 

The following gases were chosen: 

- methane 

- ethane 

- ethene 

- propane. 

All these tracer gases have different adsorption proper

ties on spent cracking catalyst. Methane is weakly adsorbed, 

ethane and ethene moderately,and propane strongly. Adsorp

tion is a transport-enhancing factor and tracers with dif

ferent adsorption characteristics were deliberately chosen. 

3.4 Determination of the parameters involved in the 

theoretiaal aalaulations 

In calculating the theoretical transfer coeff icient 

we need: 

1. the bubble diameter db 
2. the bubble velocity ub 
3. the interstitial porosity E:o 
4. the internal capacity E: . 

l. 

5. the relative gas velocity US 

6. the effective diffusion coefficient E 

The bubble diameter has been taken equal to the cap dia

meter. 

The rele of the bubble velocity is taken over by the 

solids. In the theoretical model the linear solids velo

city around the bubble has been used, thus: 

b U = .v , b being the width of the channel. 
b b - db 

( 3. 7) 



The interstitial porosity has been determined with the 

porosimeter of figure 15. 

The internal capacity E + kA.S has been split up into 
p p 

its component parts. 

67 

To determine the internal porosity E a known volume and 
p 

weight of catalyst in a vessel is saturated with carbon-

dioxyde. Then the vessel is filled with a known quantity 

of water and put into a vacuum chamber for some time. 

The water penetrates the pores, especially when the nor

mal pressure is admitted again to the chamber. The carbon 

dioxyde is very soluble, so no gas is left in the pores. 

The total volume of water and catalyst gives the internal 

porosity, once the value of the interstitial porosity is 

known. 

After the calibration, the vessel is weighed again to 

check evaporation losses. A value of 0.36 was found for 

E • The value of kAS has been determined together with 
p p 

the effective diffusion coefficient (see next section). 

The relative gas velocity us has been calculated direct

ly from the interstitial porosity and the Ergun relatión 

(3. 2). 

In the next section we will go into more detail about the 

measurement of the effective diffusion coefficient. 

3.5 The effeetive diffusion eoeffieient 

It is well known that the apparent diffusion coeffi

cient of a fluid in a packed bed deviates from the molar 

diffusion coefficient. The particles in a bed hinder the 

random motion of fluid elements at very low Re numbers, 

when the flow through the bed is so small that velocity 

differences attributed to this flow are of no consequence 

for the radial and the axial dispersion. 
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The correction factor by which the diffusion coeff icient 

has to be multiplied to account for this effect, can be 

shown to be equal to 1/82 in which 8 is the tortuosity 

coefficient for diffusion. Although 8 is a complex func

tion, it is generally considered to be independent of 

the porosity. At higher Reynolds numbers the flow charac

teristics play a part and the radial and axial dispersion 

is increased~ partly owing to the velocity differences in 

the pores between the packed solids and partly because 

the holes in the packing act more or less as mixing 

chambers. In a gas-fluidized bed of spent cracking cata

lyst this effect will be small. 

The value of the tortuosity coefficient cannot yet be 

calcula ted. It w·as, therefore, decided to measure the ef

fecti ve diffusion coefficient directly. 

A separate small bed (4 cm in diameter, 20 cm high) was 

built, for determining the axial diffusion coefficient 

Eax· 

Tracer gas was injected at the bottom of the bed through 

a capillary tube and measured at the top through an iden

tical one. The flow of gas could be reversed and then the 

injection and detection tubes were interchanged. In this 

way packed bed experiments are possible at velocities at 

which otherwise the bed would be fluidized. 

According to De Waal (49) the axial dispersion coeffi

cient can be measured from a pin-point injection, when 

\ 
the concentration profile at the top of the bed is flat

tened in the radial direction. 

A differential equation for the system shows that: 

ac ac a2c 
Et at UO élx + Eax dX2 

(3. 8) 

where Et 
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After introducing a = x/h and T 

follows: 

ac + Eax a 2c 
ao uoh ao2 

( 3. 9) 

which is the differential equation for the normal distri

bution in axially dispersed flow. 

According to many authors the spread in the residence 

time distribution curve of this model for low values of 

the Peclet number, Pe = u 0 h/E, is given( by 

(~) 2 = 2/Pe 
µ 

(3 .10) 

From the same experiments si can be evaluated, once s 0 is 

known. 

In table II ar~ given the molecular diffusion coefficient ID 

in air, the value of ID/B 2 with B taken equal to the tor

tuosity coefficient for momentum transport, and the measur

ed adsorption coefficient kASp for the tracer gases. 

Table II. 
ID /B 2 ID kASp 

2 cm2;s Tracer gas cm /s 

calculated measured 

x ** 
methane 0.22 0.051 0.35 

ethane 0.15 0.034 1. 69 

ethene 2.55 

propane 0.12 0.028 8.21 

:t calculated from Perry's Chemical Engineers Handboek 

x:t B taken equal to 150/72. 
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Experiments were carried out at interstitial porosities 

of e = 0.38 and e 0.41 in the packed state. 
0 0 

Experiments were also performed in the fluidized state, 

starting from e = 0.41 at incipient fluidization. 
0 

Figure 18 shows the experimental results. 

At an interstitial porosity of 0.38 the results indeed 

approach ID/S 2 . The values for e = 0.41 differ from 

e = 0.38 indicating a variation of S with porosity or an 

effect of surface diffusion (50, 51). 

Clearly a jump in the value of E is exhibited when the 

bed becomes fluidized. This must be due to the motion of 

the particles in the bed or to reorientation of the part

icles in the direction of the flow. This last considera

tion is based upon the knowledge that the bed will expand 

while the particles still stay into contact with each 

other. 

This means that the bed becomes stretched in the vertical 

direction. The pores thereby become less undulating, re

sulting in the boundary case of a strictly vertical array 

of pores, thus S approximately equal to 1. Then E must ax 
~~llD. 

The radial diffusion coefficient Erad cannot be measured 

with the same equipment. 

A two-dimensional bed has been made, 10 x 1 cm in cross

section and 20 cm high. Air was distributed into the bed 

through a poreus sintered metal plate. 

Tracer gas was continuously fed at the left hand corner 

of the distributor. Concentrations in the bed were detect

ed at many points. Figure 19a shows the bed construction. 

Figure 19b gives an example of the concentration measured. 



î 16 

14 
E rad 2 
x 1 0 12 

2 
cm /s 

10 

8 

6 

4 

2 

o ethane 

+ methane 

o ethene 

* propane 

Experiments in packed 
bed 

e: 
0 

.38 

71 

0 0.2 0.4 0.6 0.8 1.0 

î 
16 

14 
E 

rad2 
x 10 12 

cm 2 /s 

10 

8 

6 

4 

* 
2 

0 0.2 
Figure 18 

The effective axial 

packed 

lJ._l!.~dized 

0.4 0.6 

u cm/s
e 

u 

+ me thane 
o• ethane 
oe e thene 

** propane 

e: 
0 

0 

0.8 
cm/s 

1.0 

diffusion coefficient E ax in 

and homogeneously fluidized bed. 

o-

a packed 



72 

detection 
needle 

Ly 
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11 

air 

Figure 19. 

tracer 

0 10-
x cm 

Bed construction and example of a measured concentration 

distribution. 

The dif ferential equation describing the system is: 

ac a2c + E a2c 
- uo ax + Eax ax2 rad ay2 0 ( 3 .11) 

Boundary conditions: 

[~~)o = 0 

The last boundary condition is obtained from the input 

of the tracer: 
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The equation can be solved by separation of variables. 

An approximate solution is obtained when the flux in the 

axial direction by diffusion is neglected as compared 

with the flux by convection. 

Equation (3.11) then becomes: 

2 
- u ~ + E ~ 0 

o Clx rad Cly2 
(3 .12) 

which is identical to the normal diffusion equation with 

the boundary conditions 

(~~) o = 0 and [~~)b = 0. 

Since the concentration at the left hand boundary is al

most always zero during the experiments, a normal Gauss 

curve results, if the concentration at a certain height 

is plotted as a function of the horizontal co-ordinate. 

The top of the curve is situated at the right hand bed 

wall. For very small superficial velocities the concen

tration at the left hand bed wall acquires a small value 

and a wall effect should be made allowance for. 

For simplicity this effect has been ignored, it being 

very small. The spread of the curve naw is: 

crx (2 Erad x/uo)~ 

from which E d can be readily calculated. ra 
The experimental results are given in figure 20. 

The flow direction has been upwards in all cases, and 

above u 0.20 cm/sec the bed was in the fluidized state. 
0 

The radial effective diffusion coefficient is remarkably 

constant. This is in accordance with the afterthought 

that at higher velocities, when the bed becomes fluidized, 

axial diffusion coefficients become higher. Radial dif

fusion coefficients should be lower at higher velocities, 
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since less splitting up of flows occurs around the part

icles in line. At high velocities eddy diffusion might 

be important. 

t 
E rad 
x 10 2 
cm2/s 

16 
+methane 

14 oethane 
0 ethene 

12 + *propane 

10 

2 

0 0 .1 0.2 0.3 0.4 0.5 

u 
0 

Figure 20. 

Erad VS uo. 

- cm/s 

3.6 ExperimentaZ resuZts 

Spent cracking catalyst was used as the fluidized 

solid (appendix A). Experiments were performed for differ

ent solid velocities and for different gauze cap diameters. 

Not only for solid velocities corresponding to the real 

bubble velocity could experiments be carried out, but 
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owing to the gauze cap, also for higher velocities. 

Figure 21 illustrates the experimental results for the 

four tracer gases and three bubble diameters. The 

experimental points were extrapolated from an experimen

tal curve in which the transfer coefficient was measured 

at different solids velocities. These solids velocities 

were translated into a bubble velocity and the transfer 

coefficient was plottes vs the bubble velocity. From 

this curve the val~e was obtained that would result if 

the solids velocity had been equal to the theoretical 

bubble velocity. 

Also in figure 21 are given the theoretical values of 

the numerical model of chapter 2 and the results accord

ing to Toei and Matsuno's theory. 

Figure 21 
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Measured transfer coefficients for two-dimensional bubbles. 

Comparison with theory. 
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Agreement between experiment and theory is as good as can 

be expected, when we regard the many variables involved 

in the calculations, leading to possible ~arge errors. 

The theory of Toei and Matsuno gives somewhat higher re

sul ts, especially when keeping in mind that they do not 

take adsorption into consideration. Adsorption was fairly 

strong in our experiments. 

It may be said that within the possible error, the experi

mental results agree with the theoretical results of the 

numerical model. 
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TRANSFER FROM REAL SINGLE BUBBLES TO THE DENSE PHASE 

The gas analyzing method used in the "falling bed" experi

ments and outlined in appendix B offers the opportunity to 

measure the concentration of "natural" single bubbles 

rising in a fluidized bed, if these bubbles are large 

enough to envelop the detector head for as long as 0.1 

second, the time needed for a pulse to pass the detection 

equipment with a height unflattened by dispersion in the 

sample line (see appendix B). 

Such experiments have been performed in a bed with a dia

meter of 18 cm and a height of 50 cm, and in a bed with a 

diameter of 90 cm and a height of 112 cm. 

The fluidized material has again been spent cracking cata

lyst. (See appendix A for particle size distribution). 

4.1 Construetion of the beds 

The bed wall is of steel. Air is distributed through a 

Siperm 3-4 sintered brass plate. In the bed wall holes are 

provided every 5 cm in height and running helically around 

the column. Single air bubbles are injected through a tube 

having a diameter of 1 cm at a distance 2 cm above the 

distributor plate. 

The bubble inlet tube has a hole of 1 cm in diameter near 

its end. The end itself is sealed off. The hole is covered 

with metal gauze. Inside the tube is a separate capillary 

with its end against the metal gauze. Through the capillary 

tracer gas is injected (see figure 22). Both bubble inlet 

tube and tracer capillary are opened and closed by a magne

tic valve coupled to a time relay. 
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Detection of the bubble gas takes place by means of a 

capillary tube (0.25 mm I.D.) brought horizontally in the 

bed through the detection holes. 

As only experiments have been performed at incipient 

fluidization velocity with single injected bubbles, no 

specific attention will be paid to bed characteristics. 

air 

tracer gas 

"' ~.r-------.·~!l7] 
/ 

Figure 22. 

Bubble injection tube 

Since not only "single bubble" experiments were 

carried out in this bed, but also residence time distri

bution measurements, to be described in the next chapter, 

particular attention has been paid to the construction of 

this bed. 

The bed container is of steel. An assembly of two layers 

of canvas with a layer of ordinary newsprinting paper in 

between is used as a distribution plate. The cotton belt

ing serves as a support for the paper. It has also the 

function of air filter. Its resistance against gas through

flow is very low. The paper has a very high resistance and 
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its structure is very homogeneous. The pressure drop over 

the plate is linear with the gas flow, with a slope of 

27 cm water gauge per cm/s superficial air velocity. 

Underneath the distribution plate an injection chamber is 

fitted into the air inlet. Figure 23 gives the construc

tion and details of the injection chamber. 

injection 
single 
bubbles 

Figure 23. 

------- detection 0 

/ / / chamber 
/ / 

/ / / 
/ / / 

/ 

bed 

Construction of the fluidized bed, diameter 90 cm. 

a) bed, b) detail of bottom 

The injection chamber must necessarily be very small in 

order to provide delta pulse injections in the bed. 

The distribution plate is drawn tightly over a ring 

shaped pipe (A) that is welded to the bottom of the bed 

container. A shallow tray with an upright brim is pressed 

against the distributor and the ring by springs in six 

places along the circumference. The room so formed under

neath the distributor serves as an injection chamber (B). 
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A ribben of lining between the brim of the injection 

charnber and the paper minimizes air leakage and destruct

ion of the distribution plate. The injection charnber is 

1 cm high when the bed is not fluidized and approximately 

1.5 cm when the bed is fluidized because of the upward 

drag on the plate. At many points of the injection charnber 

mushroom shaped supports are provided for the distribution 

plate when the bed is in the packed state. 

These supports also serve as mixing devices for the gas. 

The gas enters the injection charnber at six points in the 

circurnference (C). At each point it is directed in three 

jets across the injection charnber. To prevent air leakage 

in the system, a second rubber lining is attached to the 

bottom flange (E). Moreover, the cone outside the injec

tion charnber is kept at the same pressure as the injection 

charnber itself. Air velocities are measured by a set of 

rotameters. Air velocity of the jet is 3 m/s at a super

ficial velocity of 0.2 cm/s. Trace~ gas can be supplied to 

the injector by means of a magnetic valve (D). Ali six 

magnetic valaves are opened and closed by a timer simulta

neously, The tracer gas in the injection charnber can be 

sampled at three points. Even at low superficial veloci

ties the distribution of tracer gas in the injection cham

ber is satisfactory. 

Above the bed a second charnber is made by lowering a neat

ly fitting piece of hardboard down to 5 cm from the top of 

the bed. The board has a large nurnber of 1 cm holes. 

In the board are also three detection points. The air in 

the detection charnber thus formed is well mixed with air 

from a perforated ring running along the inside of the 

wall. 

In the cylindrical wall of the bed holes are drilled that 

are used as pressure taps or as conveying holes for the 

detection line for gas sampling. 
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The detection line is again a capillary tube of 0.25 mm 

I.D. 

Single bubbles can be injected through a tube similar to 

the one in figure 22. The length is 50 cm and the diameter 

2 cm. The tube is fitted horizontally in the bed at a 

height of 4 cm above the distribution plate. 

4.2 Preliminary experiments 

4.2.1 Bed oharaoteristios 

Figure 24 gives the measured bed height and the 

pressure drop over the bed as a function of the superf i

cial velocity. Incipient fluidization takes place at a 

superficial air velocity öf 0.2 cm/sec. 

Remarkable is the absence of a peak in the pressure drop 

curve. From small-scale experiments it appears that a 

critical shear stress of 10 N/m2 is normal in the air-spent 

catalyst system. For this large bed this would mean a sur

pressure of 50 N/m2 in addition to the weight of the bed 
2 per unit area, approximately 8500 N/m • Such a peak lies 

within experimental errors. 

Another cause of the absence of the peak is the increase in 

volumetrie flow rate of the gas over the bed. Since the 

pressure drop over the bed is apporximately 90 cm w.c., an 

increase of about 10 per cent. in flow rate at normal pres

sures can be expected over the bed height. This means that 

while the bottom part is still in the packed state, the top 

part might well be fluidized. The transition region in the 

pressure drop curve therefore shows a rounded-off character. 
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Pressure drop over the bed height vs superficial velocit~ 

Bed expansion 

Four distinct velocity ranges can be given for the beha

viour of the bed. 

For O < u < 0.20cm/s the bed is in the packed state. 
0 

For 0.20 < u0 < 0.30 cm/s the bed shows homogeneous fluidi-

zation; it expands, but the solids stay in their places 

with respect to each other. Only now and then are small 

bubbles formed in the bed. From 0.30 < u0 < 0.50 cm/s the 

bed is unstable. Sometimes wild overall circulations occur, 

followed by bubbling. Also periods of rest are visible. 

Above 0.50 cm/s the bed bubbles freely. At this velocity 

the bed expansion reaches a maximum of 23 per cent, which 

is quite high. 
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4.2.2 Gas velocity in the dense phase. Bubble velocity. 

Another feature of the bed can be shown by what is 

known as a collapse experiment. 

The experiment was first used by Vermeulen (52) , later on 

by Oltrogge (53) • A sound theoretical basis has been 

given by Rietema (54). 

The experiment can be described as fellows: 

The fluidized bed is in steady state at a certain gas velo

city. At zero time the air supply is suddenly shut off. 

The height of the bed is followed as a function of time. 

First the bed will fall to a certain height in only a few 

seconds. This reduction in height is due to the bubbles 

escaping from the bed. After this,r.he height decreases 

much more slowly, the rate of decrease in bed height per 

second being equal to the superficial dense phase velocity 

before the experiment started. 

The method is very well applicable in cases in which the 

dense phase gas velocity is very low, viz. the air-spent 

catalyst system. The bubble fraction ó is estimated through 

extrapolation of the slópe to zero time. 

Figure 25 gives the results for the 90 cm diameter bed. 

Plotted are the bubble fraction and the superficial dense 

phase velocity. Below a velocity of 0.3 cm/s no bubbles 

are visible in the bed and consequently ó is zero. 

From the collapse experiment it indeed fellows that ud = 

superficial dense phase gas velocity,equals u0 • 

We see that ud rises further linearly until u0 0.4 cm/s, 

indicating that only very small bubbles originate from the 

bed. At bubble point velocity u 0 = 0.5 cm/s, ud reaches a 

maximum of 0.43 cm/s, declining toa velocity of 0.35 cm/s 

at very high superficial velocities. This proves that the 

superficial velocity through the dense phase can be much 

higher than is often supposed in the literature where ud 
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and umf are taken identical. 

The bubble fraction o rises sharply to a bubbie content 

of 2.5 per cent. Above 1 cm/s it slowly decreases to 2.3 

per cent. 

ud 

cm/s 
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Figure 25. 
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Collapse experiment. Bubble fraction and superficial dense 

phase velocity. 

4.2.3 BubbZe volume 

The bubble volume is experimentally determined. 

The time relay of the magnetic valves is set at a certain 

value. The pressure of the air before the valve is also 

set. Now the bubble injector is placed in a tank filled 

with water. A cylindrical glass filled with water is 

placed upside down on top of the injector tube and a 



series of injections is given. From the volume of air 

caught in the cylinder the bubble volume is known. 
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The bubble is taken to be spherical and its diameter cal

culated accordingly. 

4.2.4 InterstitiaZ porosity 

From the slope of ~p vs u 0 in figure 24 E 0 can be 

calculated with the aid of the Ergun equation. The method 

is rather sensitive because of the extremely streng depen

dence of u on E (about the fifth power of E at E 
0 0 0' 0 

about 0.5). The influence of uncertainties on ether fac-

tors is therefore small. In the packed state E 0 is found 

to be 0.43. 

4.2.5 Phe internaZ capacity of the soZid 

The value can be calculated from residence time 

distribution in a packed bed or from the experiments des

cribed in chapter 3 for determining the effective diffus

ion coefficient and the adsorption capacity. Both methode 

lead to the same value. 

4.2.6 The effective diffusion coefficient and adsorption 

capacity 

See chapter 3, section 3.5. 
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4.2.7 The bubble rising velocity 

The rising velocity of single bubbles is taken to 

be ub= 0.7 ~· 

Actual measurements in the bed with a stopwatch did not 

show streng deviations. 

4.3 Detection and tracer gases 

Bubbles were detected at different heights in the bed, 

namely 40, 60, 80 and 100 cm above the distribution plate 

in the 90 cm bed, and 10, 20 and 30 cm in the 18 cm bed. 

For each height about 20 bubbles were injected for each of 

the different tracer gases: 

- methane 

- ethane 

- ethane 

- propane. 

Experiments were carried out in the bed at two superficial 

velocities, one (0.20 cm/s) just above incipient fluidiza

tion velocity, the other (0.30 cm/s) at a velocity 

where the bed is still homogeneously expanded. 

For the latter velocity, experiments have only been carried 

out in the 90 cm diameter bed. 

When a traced bubble strikes the detection head, a higher 

concentration is detected and a steep signal is obtained 

when the signal is plotted by an Kipp BD-1 recording in

strument. Since the response velocity of the recorder is 

limited, the signal was checked with that given on a Visi

corder; this is a recorder using a spot galvanometer as in

dicator and photo-sensitive paper for data storing. The 

recorder has an extrernely fast response, but is very expen

sive in use. 
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Although the Kipp BD-1 was not exactly linear in the range 

used, deviations proved to be less than 1 per cent. 

Besides, the signals on the Visicorder gave a flat top for 

even the smallest bubble, indicating that the height of 

this signal, and consequently that of the Kipp recorder, 

could be taken as a measure of the concentration in the 

bubble (55). 

a b c d 

-time 

Figure 26. 

Examples of recorded signals. 

Figure 26 gives an impression of the variety of pulses en

countered during the experiments. Pulse a is a regular one, 

only one bubble passes the detection head and its concen

tration is recorded. 

Pulse b and, to a higher degree, c show 2 peaks, meaning 

that 2 bubbles did pass the detection head, in b close to

gether, in c more spaced. This kind of p ulses was not used 

for evaluation. 
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Pulse d was sometimes found and meant that a regular bub

ble passed the detector head, followed by parts of the 

dense phase gas with a high tracer gas concentration. 

Partly this high concentration is due to the track of gas 

left in the bed by the bubble, partly it is explained by 

the presence of small bubbles splitted off by the leading 

bubble during its rise in the bed. 

This type of bubble was fully taken into the calculatión. 

The average concentration of 20 bubbles was plotted ver

sus the height above the first detection point. 

The transfer coefficient K 0 is now calculated as fellows: 

vb 
Since Cd is maintained at zero level Sb 

dh 
dt = 

ub 

6 l< 
0 dh. 

abub 

It fellows that 

(4 .1) 

db 
and because 

6 

(4. 2) 

Cbo is the concentration at an arbitrary height h 0 • 

From a semi-logarithmic plot, K0 can be calculated from 

the slope of the concentration curve. 

For the slope on a graph of 10109 (Cb/C0 ) vs t 

the help of the relation Ub= 0.7 ~we find: 

0 .12 .K 
0 

slope = db 3/2 l/s. 

and with 
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Table III. Measured transfe~ coefficients for single 
bubbles. 

Tracer: methane 

u,.. •0. 20 em/s, 90 em bed u_•0.20 em/s, 18em bed u ..... "o. 30 cm/s,90 cm bed 

~ cm. 18 17 16 15 14 9.9 7.7 7.1 6.0 5.1 4.5 9.6 12 13 15 

K0 em/a l.96 ).92 2.12 2.00 l.65 l.87 1.47 0.91 1.08 o. 71 0.98 2. 7 3.0 ). l 2.8 

spread 0.24 0.14 o.1s 0.20 0.16 0.38 0.53 0.35 O.f.2 0.58 0.47 0.16 0.20 0.20 0.2( 

60 55 58 64 58 38 75 79 70 60 85 72 " 73 

, Tracer: ethane 

u0 • 0.20 em/s, 90 cm. bed u0 •0. 20cm/s, 18cm bed 

18 17 16 15 14 13 12 6.0 S. l 4.5 9.6 12 13 15 

K0 em/a 1.71 1.31 l.75 1.42 1.42 l.58 1.49 l.08 0.84 o. 72 2.6 3.0 ).6 3.3 

spread 0.26 0.22 0.28 0.20 0.29 0.21 0.38 0.48 0.44 0.44 0.18 0.25 0.23 0.25 

50 " 71 " 72 64 70 36 31 32 " 59 52 51 

Tracer: ll!l!.!l! 

u0•0. 20 C111/a, 90 cm bed u0 -=0.20 cm/s, 18em bed u0•0.JO cm/s,90em bed 

~ cm 14 13.8 13.S 12.7 12.2 6.0 5.1 4. 5 9 .6 ll 13 15 

1<0 cm/a 1.87 1.58 1.58 l.68 2.52 l.34 l.20 1.10 3.1 4.1 -4 .0 4. J . 

spread 0.27 0.34 0.22 0.37 0.351 0.48 0.37 0.50 0.23 0.28 0.28 0 . 21, 

n • '8 54 55 S< 38 32 31 35 60 66 60 77 

Tracer 1 propa.ne 

un•0.20 ClfJ/•, 510 c:m bed 

db cm 18 l7 16 " 13 l2 ... 1.1 7.1 6.0 5.1 ". s 

}(0 cm/s 0 . 92 0 . 80 0 . 92 1 . 23 0.95 J.0 ] . )) 2 . 22 2 . 37 ) .53 l.00 0.86 3.9 4. 7 s. 3 s.s 

apread 0.16 Q.24 0 . 24 0 . 18 0.30 0 . 46 O.ll 0.35 0.37 0.27 0.35 0.52 o. 29 o. 30 o. 32 o. 2 

58 60 58 63 57 •• 43 26 39 53 52 15 46 60 65 60 . 
n " nwnber of bubbles analyzed . 
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Figure 27. Experimental results for single bubbles in the 18 and 90 cm bed. 

a: u0 = .20 cm/s. b: u
0 

= .30 cm/s. 
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4.4 ExperimentaZ resuZts 

Figure 27a and b give the experimental results for 

single bubbles in the 18 cm and 90 cm bed. The results, 

together with some statistical data, are tabulated in 

table III. 
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In figures 27a and b also the transfer coeff icients are 

given as predicted theoretically from the numerical 

model. Especially at the velocity 0.30 cm/s the measured 

coefficients are far higher than these predicted theore

tically. For all gases the transfer coefficient increases. 

with the diameter, opposite to the trend given by the 

theory. At a velocity of 0.20 cm/s, just above incipient 

fluidization velocity, the transfer coefficients are 

nearer to the theoretical results. For small bubble dia

meters the experimental and theoretical results coinci.e. 

Also for this velocity, however, transfer coefficients 

are higher for larger diameters. Only propane shows a 

deviating trend. For very large diameters the transfer 

coefficient falls back to that theoretically predicted. 

The spread in the measurements is very large(~30 per cent). 

This may be caused by a number of reasons. 

One reason is that a bubble rising in a bed has an in

fluence upon the path followed by the next one. Its rise 

will change locally the structure of the bed. Secondly 

not all the bubbles will strike the detector head in the 

same way. Same of them will have a contact time with the 

detector head that is markedly shorter than 0.1 second 

and this may change the measured concentration. The last 

and most important reason is purely phenomenological. 

From experiments in a two dimensional bed it could be ob

served that an ideal bubble is seldom formed and it is 

an obvious conclusion that the same will hold for a three

dimensional bed. 
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Nearly all bubbles show some sart of deviation, some are 

elongated, others split or coalesce, ethers again do not 

rise strictly vertical but follow a meandering course. 

The effect of all these deviations can be reduced to a 

larger surface area for the bubble under study, hence a 

larger measured transfer coefficient. 

Systematic errors may have been introduced during the 

measurement of the transfer coefficient. One of them cer

tainly is the ratio between bubble surf ace and bubble 

volume, taken in the experimental calculation to be equal 

to that of a sphere, but in practice tending to a higher 

value, since the bubbles are skull-cap shaped (spherical 

cap bubbles). The ratio between the surface of the bubble 

and the bubble volume is therefore greater than for a 

sphere. Since the product Sb • K0 /Vb is the experimentally 

determined factor, from which K0 is calculated, larger 

Sb/Vb would mean a too high experimentally determined co

ef f icient. 

Further analysis shows that a spherical cap bubble with 

an included angle of 155° would have a surface to volume 

ratio that is two times higher than that of a sphere with 

the same volume. An included angle of 155° is well within 

the possible range. The tendency in liquids for larger 

bubbles to form spherical cap bubbles with a smaller in

cluded angle is well known from the literature and this 

would mean that indeed for larger bubble diameters K as 
0 

calculated from the experiments would have a tendency to 

rise. 

By this systematic error two features of the experimental 

results are not accounted for, namely why the transfer 

coefficients are so high for a superficial velocity of 

0.30 cm/s and why propane shows a deviating tendency for 

large bubbles at incipient fluidization velocity. 
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This would mean that transport by diffusion and convection 

as given in the numerical model are not the only possible 

transfer modes. Returning to the transfer mechanisms as 

given by Rieterna (see section 2.4), we note transfer by 

coalescence, "raining through'', and shedding of the cloud, 

while also the mobility of the solids might enhance the 

effective diffusion coefficient. 

Coalescence with ether bubbles can be ruled out, since 

only one bubble is present in the bed. Shedding of solids 

from the cloud and raining through are two meachnisms that 

are probably strongly related to each ether, both being 

the result of instabilities in the solid flow. 

Especially in the highly expanded bed bubble splitting up 

can occur followed by recoalescence. If the recoalesced 

bubble passes the detection head no anomaly is found and 

the concentration peak is regularly used in the calculation. 

This splitting up and recoalescence can also be considered 

as an extreme form of raining through. 

When the diviation is explained by raining through, then 

the percentage of solid can be estimated which was origi

nally present in the bubble track and which rains through 

instead of flowing around the bubble. 

For a bubble of 20 cm diameter in a bed with a superficial 

velocity of 0.20 cm/s this percentage is calculated to be 

for methane 17 per cent, for ethane 4 per cent, for ethene 

2 per cent, and none for propane. In a bed with a super

ficial velocity of 0.30 cm/s and a bubble with a diameter 

of 15 cm these percentages are respectively 23, 11, 9 and 

5 per cent. The percentages may be compared to that cal

culated from Gabor's experimental results (47), which 

amounts to 15 per cent. 

The question arises why the rate of raining through for 

methane is so much more than for propane. 
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Will the f luidization characteristics of the solid be in

f l uenced by the tracer gas? 

Investigations by the Royal Dutch Shell Laboratories (56) 

indeed showed that adsorption can change the character of 

the fluidization altogether. Adsorption of carbondioxyde 

on fresh catalyst made the material virtually unfit for 

fluidization, since very streng cohesion farces were in

duced. 

From separate experiments the same proved true for adsorp

tion of propane on spent catalyst. Bed expansion was lower 

than for the spent catalyst - air system. 

Further calculations with the specific surface area of 

spent catalyst (about 300 m2 per gram) and the molar dia

meter of propane (5 ~) shows that a mono-molecular layer 

of propane is present at the catalyst surface for concen

trations in the gas phase of 0.001 atm. This indeed is 

the order of concentrations used in the experiments. 

Cohesion will inf luence 

a. the rate of raining through 

b. the solids mobility. 

Ad. a) Raining through of solid particles and ultimately, 

"fingering" and splitting up is set in with sepa

rate particles losing contact with their neighbours. 

This process is prevented or at least thwarted by 

cohesion farces. Hereby the transfer coefficient 

decreases and obtains a value nearer to that theore

tically predicted. 

Ad. b) Cohesion will also decrease the relative motion of 

neighbouring particles, thus particle mixing on a 

very small scale. So the effective diffusion coef

ficient, enhanced by the particle motion, will de

crease and so the transfer rate. 

Re-examination of the concentration of tracer used in the 

experiments did show that in the 18 cm bed the concentration 



of propane has been less for higher bubble diameters in 

accordance with the higher transfer coefficients for 

greater diameters. 
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Of course cohesion will also introduce extra shear farces, 

thus lowering the overall solids velocity around the bub

ble. This process influences also the transfer coefficient. 

Transport by adsorption will be less, the cloud will be

come thicker. 

All these considerations lead to a lower transfer coeffi

cient. 

The experiments with single bubbles teach: 

1. The transfer coefficient for small bubbles is of the 

order of the theoretically calculated coefficient; 

2. For large bubble diamters raining through of solids is 

an important transfer mechanism. This type of transfer 

can be severely hindered by cohesion farces between 

the particles. The effective diffusion coefficient 

around the bubble will also be lowered by cohesion as 

a result of lower solids mobility. The effect might be 

strenger for greater bubble diameters. 
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RESIDENCE TIME DISTRIBUTION OF GAS IN A LARGE FLUIDIZED 

BED 

5.1 Introduction 

The overall performance of a reactor vessel can be 

demonstrated by a residence time distribution curve 

(RTD curve). Fora first order homogeneous chemical react

ion of which the chemical reaction kinetics are known, the 

overall conversion rate in a certain reactor vessel can be 

calculated when the residence time distribution in that 

vessel has been measured. For chemical reaction order f l 

the way in which the mixing takes place is also of import

ance and without this knowledge the overall conversion 

rate cannot be calculated exactly. Nevertheless, also in 

these cases an RTD measurement provides much necessary in

formation. For example, when for a reaction a contact 

model is set up, measurements of the residence time distri

bution can test the validity of the model. RTD measurements 

at relatively high velocities (u0 > l cm/s) will be used 

here to calculate the transfer coefficient between bubbles 

and dense phase in a freely bubbling bed. 

5.2 AnaZysis of the RTD curve 

5.2.l Gas transfer according to the two-phase model 

In this model which uses the same equation as Van 

Deemter (17) did in his first publication on the subject, 

a dispersion coefficient (also named mixing coefficient, 

eddy diffusion coefficient or effective diffusion coeffi

cient) is introduced. The equations only differ from 

equations (1.7) and (1.8) in that also a dispersion term 

is introduced for the bubble phase. 
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This has been done for computational technical purposes. 

If the equations for dense phase and bubble phase are 

symmetrical, programming can be carried out much more 

easily, and faster calculation techniques can be used. 

The dispersion coefficients for the bubble phase has been 

given such a small value in the calculation, that the re

sults were hardly influenced by its magnitude. 

2 
iSE 1 (:x~) - ~ (?x) + kcó (c-C) 

2 
(1-ó) E2 (~) - ud (dC) - k ó (c-C) 

dX2 dX C 

where 

E1 dispersion coefficient in the bubble phase 

E2 dispersion coefficient in the dense phase 

Ed porosity dense phase E 0 + (l-s 0 )si 

ó bubble fraction. 

( 5 .1) 

The boundary conditions and initial conditions are taken 

according to the way the tracer is injected under the air 

distribution grid. The concentration in the injection 

chamber shows the characteristics of a perfect mixer (mean 

residence time = 'm) . 

Therefore, for the initial condition at t 

x < 0 

x > 0 

Boundary 

for x < 

for x = 

for x 

c = c 
c = c 

1 

0 

conditions: 

co 
-tb 

0: = e 

0: c 
x=o 

co -

cx=o 
co -

h: ( dC) 
ax 

(~) 
ax 

m = concentration 
(l-ó)E1 ac 

(dX)O ud 
oE2 ac 

(ax)o ub 

= 0 

O, we obtain: 

below the grid. 

(5. 2) 
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A:fter introduction o-f a = x/h and T 

o~ 
oE 1 2 ub ( ac> 

k oh 
(.Lf) c (c-C) 

u h +--aT ao 2 u ao u 
0 0 0 

(5. 3) 

and 

ac (l-o)E2 2 ud 
(l.ç_) 

k oh 
(1-o) ~ (.LE) c (c-C) a:r u h - --

ao 2 u ao u 
0 0 0 

or: 

o~ 
2 ac 1 (~) s (-acr) + nks (c-C) h n el ao 2 

( 5. 4) 

and 

élc 2 ac 
(1-0)E:d 

1 (~) (c-C) a:r (1-s) (-) - nks 
ne2 ao 2 ao 

nel and ne 2 are the nurnber of mixing units in the bubble 

phase and the dense phase respectively, s = ub/u0 , 

k oh 
nk = _c_. 

ub 

The equations with apropriate boundary conditions are 

given in numerical form and have been implemented on the 

digital computer EL-X8 of the University. 

Figure 28 gives some of the theoretical curves obtained. 

In figure 29 examples are given for the RTD curves at 

superficial velocities above 1 cm/s. The experimentally 

found curves for these velocities are also given (thick 

line). 

In the figures the action of the transfer coefficient can 

be read distinctly. For very low transfer rates a great 

fraction of the tracer gas leaves the bed immediately af

ter injection. In case of a chemical reaction occurring 

at the surface of solid material, this fraction will not 

be converted. For already relatively small values of the 

transfer coefficient, however, the greater part of 

the gas injected in the form of bubbles will be trans

ferred to the dense phase and, therefore, in case of a 
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chemical reaction, have the possibility to be converted. 

4 s • 5 

t 
E 0.6 

ex 0 

E· 0 
3 l. 

6 .os 
n = 30 e2 

2 

nk 

T' 2T' -time 3T' 

Figure 28. 

Theoretical RTD curves. ex (1-s)c + sc. 

Approximation of the experimental RTD curves with the two

phase theory seems quite well possible. 

Combinations of nk and nel have to be chosen. There is, 

however, a good chance that the experimental curve can be 

approximated by more than one combination. During the pre

paration of this manuscript attention was paid to the 

evaluation of nk and nel by means of the moments method. 

With this method for a known set of all other parameters, 

nk and ned are varied in the calculations and the second 

and third moments are calculated. Topological plottings 

of the moments as a function of nel and nk should provide 
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the only right combination of the two, once the second 

and third moments of the experimental curves are known. 

This werk is not yet completed. 

It is clear from the experiments that for high velocities 

the mixing in the dense phase must be very thorough. This 

knowledge is the basis for an appropriate solution, which 

is presented in the next section. 

5.2.2 Gas transfer in a bed with a perfectly mixed 

dense phase 

In the following it will be assumed that: 

1) The dense phase is perfectly mixed, therefore no con

centration gradient exists over the whole length of 

the bed in the dense phase. 

2) The dispersion coefficient for the bubble phase can 

be neglected and so is taken zero. 

The response to a pulse injection can now be split up in

to two parts: 

1) The tracer gas injected in the bed in the form of 

bubbles travels through the bed. Tracer is transferred 

to the dense phase. 

2) The gas originally brought into the bed in the form of 

bubbles has left the bed or has been transferred to 

the dense phase. 

The bubble phase travelling through the bed during this 

latter period starts at the bottom with concentration zero. 

It extracts tracer gas from the dense phase. During this 

period tracer gas also leaves the bed through the dense 

phase gas flow. Of course, the two periods are not strict

ly separated in the real bed. While originally traced bub

bles are still present in the top part of the bed, in the 

lower part "fresh" bubbles are already extracting the 
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dense phase. Since only the latter period will be con

sidered this is not of importance. 

During the rise in the bed the originally traced bubbles 

will transfer parts of their contents to the dense phase. 

Also, a fraction (1-s) of the tracer input will be 

directly injected into the dense phase. This means that 

after the time that the originally traced bubbles have 

left the bed, the concentration in the dense phase will 

have accumulated to a certain value. This could be cal

culated, but it is not necessary for further evaluation. 

This concentration is given the symbol c 0 . The dense · 

phase concentration will be decreased by the transfer to 

the bubble phase and by the through-flow of gas in the 

dense phase ~tself. 

We will suppose that the concentration in the dense phase 

does not change markedly during the rising time of one 

bubble in the bed. In other words, it means that the 

quantity of traced gas flowed out of the bed during the 

rising time, ~t = h/Ub, is small compared with the tracer 

content of the dense phase. Maximum outflow is reached 

when the bubbles leaving the bed are in equilibrium with 

the dense phase. Thus, steady state can be assumed with 

respect to the rising bubbles when: 

or: 

With Ed > 0.5 and o ~ 0.05, this condition will be satis

fied if s > 0.5 or, since ud= 0.35 cm/s, if u0 > 0.7 cm/s. 

Then: 

ac îä = nk (c-C) ( 5. 5) 



or: 

hence, 
-n a 

c = c ( 1-e k ) 
a and 
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-nk 
ccr=l = c(l-e ) (5. 6) 

Because in the quasi-steady state the amount of tracer 

leaving the bed must be equal to the reduction in tracer 

content of the dense phase: 

-n 
in which y = (1-e k) 

Then: 

de ud + Y ub 
dt = - C (1-Ó)Ed h 

c(ud + y ub) (5.7) 

With the boundary condition that for t 

equal to c 0 this leads to: 

öt, c should be 

log c/c0 (5.8) 

The measured exit concentration becomes: 

( 5. 9) 

or, with equation (5.8), 

* ud + Y ub o ud + Y ub 
c = . c. exp{- (l-ó)E h (t - Llt)} 

uo d 
(5 .10) 

When for an experiment e log c* is plotted versus time, 

we find for the slope of the linear function: 

d log c* 
dt 

ud + Y ub 
- (1-ó)Ed h 

(5.11) 
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The factor y can be calculated directly from the graph. 

In case of a large number of transfer units in the bed. 

y becomes nearly one and evaluation becomes extremely 

difficult. 

In appendix C the possible error is discussed. From y 

the transfer coefficient per unit volume can be calcu

lated. 

5.3 Experimentdl proaedure and results 

Gas residence time distribution experiments were 

carried out in a bed of spent cracking catalyst. Concen

trations were measured with the gas flame ionization 

equipment already mentioned in chapter 2 and described 

further in appendix B, or with a heat conductance cell 

for helium tracer. 

The following tracer gases were used: 

- helium, for bed characterizing studies 

- methane 

- ethane 

ethene 

- propane. 

5.3.1 Measurement of the bubble diameter in a freely 

bubb Zing bed 

For u > 0.5 cm/s the bubble fraction ê rises sharp-
o 

ly to a bubble fraction of 2.5 per cent. 

Above 1 cm/s it slowly decreases to 2.3 per cent. 

Now from the bubble hold-up ê and the superf icial bubble 

velocity ~ = u0 + ud the real bubble velocity Ub can be 

calculated: 

(5.12) 
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and with ub= 0.7 lg db also the bubble diameter. 

This relation is checked for single bubbles in a fluidized 

bed and seems reasonably reliable. This would mean that 

for superficial velocities higher than 1.5 cm/s, for which 

ud and ê are constant, the bubble diameter db would then 

be equivalent to db = 4.1 (u0 - 0.35) 2 cm. 

For superficial velocities of 2, 3 and 4 cm/s the calcula

tion gives equivalent bubble diamters of 11, 29 and 55 cm 

respectively. These values are, however, much higher than 

can be observed visually at the top of the bed. Probably 

equation (5.12) is not suited for a freely bubbling bed (45). 

Therefore it was decided to measure the bubble frequencyin 

the freely bubbling bed with a capacitor~ At several heights 

in the bed a capacitor consisting of two plates was mounted 

in the bed. By means of a AC/C meter the capacity was 

measured and recorded on a Siemens Oscillomink recorder. 

Differences in porosity of the dense phase at a certain 

distance from the plates give a gradual change in the signal. 

However, when a bubble strikes the plate, a very high and 

steep signal results. 

Now assume that all bubbles have an equivalent diameter db. 

Each rising bubble that has its centre within a circle of 

diameter db around the plates, is then detected. Let this 

nurnber of bubbles per second be nw. Then the total nurnber of 

bubbles produced in the bed per second is, when the bubbles 

are uniformly distributed over the bed cross section: 

N 

D diameter of the bed. 

Because 
d 3 

b 
N -6-

it follows that 

(5 .13) 
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3 
2 ( 5. 14) 

Table IV gives the experimental results at different 

heights and different vèlocities. 

Table IV 

u 
0 

cm/s 

1. 14 

1. 71 

2.34 

2.98 

3.64 

Detection height above distribution plate 

20 40 60 80 100 120 

db f db f db f db f db f db f 

7 12 5 16 10 9 6 14 4.4 18 4.7 17 

6.5 22 4.4 31 3.5 38 3.6 37 2.6 50 2.5 52 

3.8 52 3.6 55 3.2 62 3.0 65 2.7 72 3.0 65 

3.5 73 4. 1 63 3.1 84 3.0 86 2.6 98 2.4 104 

3.6 90 4.4 75 4.2 78 3.6 90 3.2 101 3.0 107 

bubble dia~eter according to equation (5.14) 

mean bubble diameter 
-1 bubble frequency measured (s ) . 

db 

cm 

6. 2 

3.9 

3. 1 

3. 1 

3.7 

For velocities lower than 1.14 cm/s no bubbles could be 

traced with this technique. 

Remarkable is the large bubble diameter at a velocity of 

1.14 cm/s compared to those at high velocities. One would 

expect that the bubbles at high velocities would grow by 

coalescence and thus would have a mean diameter larger 

than the one of bubbles measured at lower velocities. 

That this is not so might be caused by the higher degree 

of turbulence at higher velocities. Then, not only would 

coalescence occur but also bubble splitting would be en

hanced. Because at high velocities the bubble frequency 

is almost constant over the whole length of the bed, this 

seems reasonable. 
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Also, the effect that bubbles below a certain size are 

not detected by the capacitor, might influence the number 

of detected bubbles so strongly for u = 1.14 cm/s, that 
0 

the calculated bubble diameter reaches far too high a 

value. In the latter case the values of K S found later 
0 

on would not be influenced, but the values of K would be 
~- 0 

seriously affected. Hence, since the specific surface of 

the bubbles, S, would increase, the value of K must be 
0 

lower. 

The great advantage of the capacitor method is that it 

neither uses the relationship of Davies and Taylor, nor 

makes use of the bubble hold-up ê, a quantity that will 

not be constant over the bed length. 

5.3.2 Injeotion and deteotion ohamber 

The residence time in the injection chamber has 

been checked by injecting tracer gas normally, with the 

detector lines connected to the injection chamber. This 

has been done at many velocities. Already at a very low 

velocity (0.10 cm/s) two of the three detection points 

showed a behaviour that corresponds to a perfect mixer. 

The last detection point gives a slightly retarded signal. 

At velocities above 0.2 cm/s all responses can be des

cribed by that of a perfect mixer. Figure 30 gives the 

logari thm of the res.idence time in the injection chamber 

as a function of the superficial velocity. 

Clearly, it can be seen that at a velocity of 0.3 cm/s 

the distribution plate is lifted. 

Another point was whether the detection chamber at the 

top would not exchange its gas with the room above. 

Tracer injections in the room above the perforated board 

plate, however, did not show up underneath the plate at 

any velocity. 
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Residence time in the injection charnber, Tm. 

5.3.3 Residence time diatPibution measuPements 

At velocities below incipient fluidization normal 

distributions are obtained. The Peclet nurnber is so high 

that no appreciable tailing occurs. The mechanism is the 

same at velocities just above incipient fluidization velo

city. The higher the velocity becomes, the less the 

stability; as a consequence, the smoothly running curves 

obtained in the packed bed state become more irregular in 

the homogeneous fluidized state. 

At velocities above 0.30 cm/s tailing develops. Part of 

the gas breaks through the bed in a very early stage. The 

signal obtained is not always the same, sometimes it re

sernbles more the response of a perfect mixer. This must 

be due to the unstable character of the bed in this velo

ci ty range . It can be seen from movements at the top of 

the bed that streng circulations set in suddenly, followed 
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by a period of relative rest. 

The frequency of the disturbances increases with increas

ing gas flow (57). 

At velocities above 1 cm/s the exit concentration of the 

bed can be described very well with an exponential decay 

function. This means that above u0 = 1 crn/s the dense 

phase must be nearly perfectly mixed. 

5.4 Determination of the transfer aoe[[iaient [rom the 

RTD measurement 

Under the conditions given in section 5.2.2, namely 

perfectly mixed dense phase and plug flow in the bubble 

phase, the transfer coefficient was calculated from for

mula (5.11). As was stated in the same section, bubble 

diameters have been calculated by means of the capacitor 

technique, which enables us to avoid the dubieus relation

ship between real bubble velocity Ub and bubble diameter. 

The average value of the bubble diameter at superficial 

velocities u0 = 1.14, 2.34 and 3.62 cm/s has been taken to 

be 6.2, 3.2 and 3.7 cm respectively. 

Table V gives the calculated transfer coeff icients per 

unit volume of the bed K0 S and the transfer coefficient K0 . 

Table V 

Transfer coefficients from RTD measurements 

Tracer u = 
0 

1.14 crn/s u 
0 

= 2.34 cm/s u = 
0 

3.62 cm/s 

10 2 .K S K 10 2 . K S K 10 2 .K S K 
-1 0 0 -1 0 0 -1 0 0 

s cm/s s cm/s s cm/s 

methane 2.0 0.80 4.1 0.95 6.5 1. 76 

ethane 2. 1 0.84 5.6 1. 30 10 2.70 

ethene 1. 5 0.60 5.5 1. 28 5.7 1. 54 

propane 2.0 0.80 4.5 1. 04 6.2 1. 67 
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At low velocities it may be said that the transfer coef

ficients are more or less in agreement with the theore

tical ones. At high superficial velocities the interact

ion of the bubbles enlarges the transfer coefficient. 

In the latter case the coalescencesand the splitting-up 

of bubbles can produce an effective transfer coefficient 

which has the double value of that at the lower velocity, 

u0 = 2.34 cm/s. This can be explained as followes: 

By bubble splitting the available surface area is in

creased, as is the total cloud volume, so transfer may 

be expected to increase also. 

The effect of bubble coalescence is more difficult to 

understand. Bubble coalescence leads in principle to the 

opposite side: the cloud diminishes as does the total 

surface area. But as movie films of two-dimensional free

ly bubbling beds clearly show, coalescence does not take 

place in the way we know that gas bubbles in liquid 

coalesce. In the latter case the bubbles keep their volume 

until the moment of coalescence. In gas-fluidized beds, 

however, coalescence is not a momentarily process, but 

takes place during a certain time: the lowest bubble ap

proaches the upper bubble at increased speed, is elongated 

and, under the influence of a pressure gradient between 

the two bubbles, already transfers part of its gas to the 

upper bubble through the dense phase in between. 

The effect has been shown by Gabor (46). This means that 

before coalescence really takes place transfer of gas to 

the dense phase is already increased especially when ad

sorption by the solids is strong. 

The number of transfer units found in the bed at mentioned 

velocities is given in table VI. 



Table VI 

Number of transfer units. 

Tracer u 
0 

1. 14 u 
0 

2.34 u 
0 

3.62 

cm/s cm/s cm/s 

methane 3.5 2.5 2.5 

ethane 3.5 3.5 4.0 

ethene 2.5 3.5 2.0 

propane 2.5 3.0 2.5 

These numbers are of the same order of magnitude as 

these given by De Groot (58). 

All the results of the various real bubble experiments 

have been plotted in figure 31. 

111 

The coefficients resulting from the RTD measurements are 

lower than these predicted. 

Figure 31 needs further explanation. Instead of the mole

cular diffusion coefficient ID, the effective radial dif

fusion coefficient Erad has been used for the horizontal 

axis. This value was also used in the theory, so experi

ments and theory have consistent axes. 

It can be seen that the experimentally found values can 

be roughly divided into three catagories, one for the 

single bubbles at a superficial velocity of u0 = 0.30 cm/s, 

one for u0 = 0.20 cm/s, and one group representing most of 

the data, where the coefficients were determined by RTD 

measurements. The fact that the group with u0 0.30 cm/s 

falls so far above the theoretical line must be caused by 

raining through and by an enlarged diffusion associated 

with the mobility of the solids. The RTD measurements fall 

on the average below the theoretical line. It is here, 

however, that the bubble velocity is not strictly known. 
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In the calculations Ub has been assumed equal to 

0.7 ~· 

Figure 31 may be compared with figure llc. [ 1~ 

The graphs have different absces. In figure llc lDp ~ 

[
Erad P gl~ ub 

is taken as abscis, in figure 31 Ub3 • 

Comparison is faciliated when we keep in mind that 

lD "' 2 • 5 Er ad . 

Then it is found that the measured transfer coefficients 

in this werk are generally smaller than these found by 

Potter et al, and Davies and Richardson. 

Only Chiba and Kobayashi found generally lower transfer 

coefficients than in this thesis, but they selected their 

data to a far higher degree. Only two per cent. of their 

measurements were used for evaluation. In this werk about 

75 per cent. of the measurements have been taken into the 

calculations. See also page 87. 
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Figure 31. 

e: 
0 

u 
500 

= .·s 
= 1 cm/s 

$ 0.20cm/s 
ethane 

s. b. 0.30 0 

• RTD 

IB 0.20 
0 

s. b. 0.30 propane 

• RTD 

+ 0.20 

* 
s. b. 0.30 ethane 

* RTD 

ei s.b. 0.20 
o methane 0.30 
e RTD 

Graph of the experimental results of chapter 4 and 5. 
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CONCLUSIONS 

6.1 The [Zuidized bed 

In the fluidized state three regions may be distin

guished: 

a) The homogeneously fluidized state. 

b) An intermediate unstable state. The bed shows 

grosscirculations with a non-steady state character. 

c) The freely bubbling bed. 

In region a) the superficial velocity through the dense 

phase is equal to the overall superficial velocity, 

since no bubbles occur. In regions b) and c), too, the 

dense phase gas velocity is markedly above the incipient 

fluidization velocity. 

In the system under study, viz. air-spent cracking cata

lyst, the bubble fraction in regions b) and c) is low and 

reaches rapidly a stationary value. 

6.2 E[feative diffusion aoeffiaient 

a. For the packed bed the effective diffusion coefficients 

are of the order of ID/$ 2 • From the experiments it fol

lows that the effective diffusion coefficient is also 

a function of the porosity. 

b. For the homogeneously fluidized bed the effective axial 

diffusion coefficient rises rapidly. Probably the pores 

in the direction of flow are less distorted than those 

in the transverse direction, so that the hindering ef

fect in axial direction is less. Surface migration and 

capillary condensation may have some influence, especial

ly in the case of propane. 
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c. The effective radial diffusioncoefficient decreases 

with decreasing flow rate, even in the homogeneously 

fluidized state. Probably the hindering effect in 

radial direction increases with increasing bed expan

sion. 

6.3 Transfer [rom single artificial bubbles in a two

dimensional "falling" bed 

a. Transfer coefficients are generally smaller than these 

theoretically predicted, but of the same order of 

magnitude. 

b. The transfer coefficient rises with decreasing bubble 

diameter. 

c. The gauze cap used in the experiments prevents "raining 

through" of particles. Also, the mobility of the solids 

and therefore the effective diffusion coefficient will 

be lower than in the case of a real bubble. 

6.4 Transfer [rom single real bubbles in a large bed 

a. Transfer is very dependent upon the superficial velo-

b. 

c. 

city through the bed, thus upon tne bed porosity. 

Transfer coefficients are markedly above those theore-

tically predicted for large bubble diameters. 

The transfer rate increases with increasing bubble dia-

meter, contradictory to the theoretically predicted 

transfer coefficient. The extra transfer can be caused 

by "raining through" of gas adsorbing solid particles, 

and increased mobility of the solid particles round the 

bubble, thereby increasing the effective diffusion 

coefficient. If raining through should cause the extra 

transfer, then the percentage of solids in the bubble 



116 

track that do not flow round the bubble, but rain 

through the bubble, must be 10 to 20 per cent. 

d. At small superficial velocities the transfer coeffi

cient is of the order of magnitude of the theoretical

ly predicted coefficient. 

e. At relatively high superficial velocities there is a 

streng dependence of the transfer coeff icient upon 

the adsorption coefficient. Raining through can then 

be expected to occur to a higher degree, since the 

particles are much more loosely packed. 

f. Adsorption of tracer gas influences the cohesion forces 

between the particles. Then raining through of partic

les can be severely hindered, and the mobility of the 

solids may be less. Propane tracer shows a decrease in 

transfer coefficient for larger bubble diameters. 
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SUBSCRIPTS L I S T 0 F S Y M B 0 L S 

ax in axial direction 

b bubble (phase) 

c .calculated 

c cl oud 

d dense phase 

g gas 

m measured 

p of the particle 

r radial 

rad in radial direction 

s sol id 

y orthogonal direction 

e tangential direction 

mf at incipient fluidization 

bp at the bubble point 

Dimensionless numbers: 

Bo 

Re 

Se 

u d 
~ 

E 

--
\) 

v/ID 

Sh 

Sh' 

Pe 
u h 

0 

lD 
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GREEK SYMBOLS 

et Ub/u soo 

S tortuosity coefficient for mass transfer 

y mobility factor (chapter 2) 

y 1 -exp (- kc h/Ub) (chapter 5) 

ó bubble f raction 

E porosity 

E0 interstitial porosity 

Ei internal capacity of the solid 

E internal porosity of the particle 
p 

Ed porosity of the dense phase 

Et total porosity 

Eo interstitial porosity of the packed bed 

À root of an equation 

p 

n 
v 

density 

dynamic viscosity 

kinematic viscosity 

e angle 

o dimensionless distance 

o spread (chapter 4) 

T dimensionless time 

î contact time 

î shear stress 

w w/u soo 
stream function 

-3 
g cm 
-1 -1 

g cm s 

g 

2 -1 cm s 

s 
-1 -2 cm s 

-1 
s 
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LATIN SYMBOLS 

a radius of the bubble cm 

a constant 

b constant 

c concentration in the dense phase g -3 cm 

c concentration in the bubble phase g cm -3 

b.C concehtration difference between bubble -3 and dense phase g cm 

eb concentration in the bubble 

cd .concentration in the dense phase 

co concentration at arbitrary condi.tions g cm -3 

c* exit concentration g cm- 3 

co concentration in the den se phase just -3 after injection of a pul se g cm 

db bubble diameter cm 

d c cloud diameter cm 

D diameter of the bed cm 

ID molar diffusion coeff icient 2 -1 cm s 

d particle 
p 

diameter cm 

E dispersion coefficient, 
2 -1 effective diffusion coefficient, cm s 

mixing coefficient 

f fraction dense phase 

F fraction bubble phase 

g acceleration due to gravity cm s -2 

h height of the bed cm 
.ho height of the packed bed cm 

k constant 

k overall mass transfer coeff icient -1 s 
c -1 

K mass transfer coefficient cm s 
0 

kbc mass transfer coefficient between bubble -1 
and cloud s 

kce mass transfer coefficient between cloud -1 
and dense phase s 

k r reaction rate s -1 
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1 length 

m partition coefficient 

n constant 

N 

p 

lip 

lip 1 

r 

total number of bubbles originating in 
the bed per second 

number of bubbles measured per sec. 

flux 

flux by diffusion 

flux by convection 

number of mixing units 

number of transfer 

number of reaction 

( 1-E ) E. 
0 1 

units 

units 

pressure drop over the bed 

surpressure 

radial distance 

radius of the cloud 

resistance against mass transfer 

production rate 

ub/uo 
specif ic surf ace 

time 

fourrier time 

linear gas velocity 

superficial gas velocity 

superficial gas velocity in the dense 
phase 

superficial gas velocity in the bubble 
phase 

relative gas velocity in the undisturbed 
bed 

relative gas velocity 

bubble velocity 

cm 

-1 
s 
-1 

s 
-2 -1 g cm s 
-2 -1 

g cm s 
-2 -1 

g cm s 

-1 -2 g cm s 

g -1 cm s -2 

cm 

cm 

g -3 -1 cm s 

cm -1 

s 

s 

cm s -1 

cm s -1 

cm s -1 

cm s -1 

cm s -1 

cm s -1 

cm s -1 



v 

v' 

v s 
VB 

vc 
w 

x 

y 

relative velocity between gas in the 
bubble and in the dense phase 

linear solids velocity 

linear gas velocity of the entrained 
gas in the solids 

slip velocity between gas and particles 

volume of the bubble 

volume of the cloud 

E U + (1-E )V o- 0 -

orthogonal distance 

orthogonal distance 

y dimensionless radial distance 
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cm s -1 

cm s -1 

cm s -1 

-1 
cm s 

-3 cm 
-3 cm 
-1 cm s 

cm 

cm 
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SAMENVATTING 

De gasstroom door een gefluidizeerd bed bestaat uit 

twee gedeelten: een gedeelte stroomt tussen de af

zonderlijke vaste stof deeltjes omhoog (de dichte 

fase), het andere gedeelte stijgt in de vorm van bel

len op door het bed (de bellenfase). De verblijftijd 

in het bed voor de bellenfase is relatief kort. 

Tussen de twee fasen kan stof uitgewisseld worden. 

De stofoverdrachtsnelheid tussen de fasen is zeer 

belangrijk in vele toepassingen van het gefluidi

zeerde bed, bijvoorbeeld voor chemische reacties, 

drogen etc. 

Voor de stofoverdracht tussen bellenfase en dichte 

fase is een theorie opgesteld. De resulterende ver

gelijkingen zijn voor veel gevallen numeriek opge

lost. 

Om de geldigheid van de theorie te toetsen zijn op 

drieërlei wijzen experimenten uitgevoerd. 

a. Experimenten aan een kunstmatige bel. 

Een systeem is opgezet waarin de vaste stof om

laag beweegt met een snelheid die correspondeert 

met de snelheid van een in een normaal gefluidi

~eerd bed opstijgende bel. Onder een gazen kap 

in deze va·ste stof stroom wordt daarbij automa

tisch een namaakbel gevormd. In de bel wordt op 

een gegeven moment een tracergas gelnjecteerd. 

De bel wordt continu bemonsterd en het gas ge

analyseerd. Uit het verval van de concentratie 

in de bel kan de overdrachtscoëfficiënt worden 

berekend. 

De experimentele resultaten stemmen goed overeen 
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met de theorie. 

b. Experimenten met afzonderlijke, ware bellen. 

In een bed met een diameter van 18 cm en een met een 

diameter van 90 cm worden afzonderlijke, gemerkte 

bellen gelnjecteerd. De bellen worden op verscheidene 

hoogten gedetecteerd. Uit het waargenomen concen

tratieprofiel kan de overdrachtscoëfficiënt worden 

berekend. De overdrachtscoëfficiënt is zeer afhanke

lijk van de porositeit van het bed. Voor hoge bed

expansies is de overdrachtscoëfficiënt groot. Voor 

bedden rond de minimum fluidizatiesnelheid, zijn de 

overdrachtscoëfficiënten ongeveer gelijk aan de the

oretisch voorspelde coëfficiënten. 

Doorregenen van vaste stof in de bel en verhoogde 

diffusie rondom de bel door de beweeglijkheid van de 

vaste stof deeltjes spelen een rol. Ook is gevonden 

dat cohesie, vergroot door gasadsorptie aan de 

deeltjes, invloed heeft op de stofoverdracht. 

c. Experimenten in een ongehinderd, heterogeen gefluidi

zeerd bed. 

In het bed met een diameter van 90 cm werden verblijf

tijdsspreidingsmetingen uitgevoerd. Indien de dichte 

fase ideaal gemengd is, kan een analytische oplossing 

worden gevonden voor de overdrachtscoëfficiënten als 

ook de verblijftijdsspreidingscurve bekend is. 

Voor relatief lage snelheden werden overdrachtssnel

heden berekend in overeenstemming met de theorie. 

Voor hogere snelheden wordt de overdrachtscoëfficiënt 

vergroot door coalescentie en opsplitsen van bellen. 

In alle experimenten is afgewerkte kraak katalysator 

(spent cracking catalyst) gebruikt als vaste stof. 

Om het effekt van adsorptie te bestuderen zijn vier 

gassen met verschillende adsorptie-eigenschappen 

gebruikt als tracergas. 
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Appendix A 

Particle size distribution 

Spent cracking catalyst 

weight percentage 

d p 
< 56 ).Jffi 30.6% 

56 < d < p 63 ).Jffi 9.1% 

63 < d < p 71 J.Jm 16.9% 

71 < d < 
p 80 J.Jm 18.2% 

80 < d < 
p 

100 µm 19.1% 

d > p 100 µm 6.2% 

The mean of the cumulative curve is tl"" 
p 

in the size distribution is 14 µm. 

The internal porosity Ep = 0.36. 

66 µm. The spread 
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Appendix B 

Gas analysis methods 

The requirements made on the gas analysis equipment are: 

1. the sampling rate must be low 

2. the spread of the signal obtained must be small when 

a delta injection is given, or when a step function 

is given to the analyzer 

3. the measurement must be continuous. 

Attention has been paid to heat conductance cells and to 

gas flame ionization analyzers. These analyzers have the 

property that the measuring chamber is very small. 

In general the flow needed for the heat conductance cell 

is larger than that for the gas flame ionization equip

ment. Since, however, cells for low flow rates are' avail

able two different types have been used. 

In the following table the instruments which have been 

tried out are mentioned. In the second column the flow 

through the instrument is given. The last column gives 

the spread for a step function applied to the detector 

head. The spread is defined here as the time at which the 

signal reaches the value l/e of the original signal. 

The Becker gas flame ionization analyzer has been used in 

two ways, the normal one and the modified one. In the first 

the sampling capillary tube was connected to the analyzer 

in the normal way. In the modification the capillary tube 

was drawn through the analyzer into the base of the gas 

flame. This has not been done with the Perkin-Elmer gas 

flame ionization equipment, since owing to circumstances 

it was stationed elsewhere. Samples for the Perkin-Elmer 

have been drawn into a long capillary tube, transported in 

the tube to the detection equipment and have been analyzed 

with reversed flow. 
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The same procedure followed with the Becker gas flame 

ionization analyzer showed no change in spread. 

Table 

Detector 

Gow Mac JDC 13 3 

Gow Mac JDC 470 

Perkin-Elmer 

Becker (regular) 

Becker (with capillary tube drawn 
into the flame) 

flow 

(cm3 /min) 

40 
15 

5 

40 
15 

6 

10 
2 

6 

10 :x 
2 

spread 

(sec) 

1.1 
2.1 
4.4 

0.5 
0.8 
1. 3 

0.2 
0.6 

0.7 

{less than 
0.1 

x this spread waslargely caused by the recording intru

ment. 

From the table it can be seen that only the last method 

fulfilled all requirements. 

Appendix C 

Error estimates 

1. ~!!!!!2!~!_e~e~1§_§~Eê!!~êD!ê_!D_!~11!D9_Q§9 

K is calculated from the slope of the curve given 
0 

the logarithmic concentration vs time: 

6 K0 
slope = ~ 

-1 
s 
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The error in the slope is taken to be 2 per cent. 

The error in the bubble diameter is estimated at 10 

per cent. 

t.K 
Then ° 

Ko 
t.slope t.db 

- + --
slope db 

12 per cent. 

The transfer coefficient is calculated from the slope 

of the curve that gives the logarithmic concentration 

va the height in the column: slope = 0.116 K0 /db 3 / 2 

The relative error in K is now 
0 

AK t.slope 3 t.db _Q + - --
K slope 2 db 0 

The relative error in the slope is estimated to be 

10 per cent. This value is also taken for the error 

in t.db. 

The relative error in K0 then is 25 per cent. 

3. 9Yêf~11_!f~9§!êf_fQê!!~f~ê9!_ffQ~_g!Q:~ê~§~fê~ê~!§ 

Basis formula: 

[
-K0 S. hl 

exp = 
ub 

tana (1-o)Et h - K0 

ub 

Y is introduced for simplicity. 

y 

ln Y = ln (-tana (1-o) Et h - u0 ) - ln ub 

t.Y ltana Et (1-0 )h 

uJ 
[ 1t.tana1 + 1t.~1 or: y (1-o)h -tana Et tana 

1t.::1 lt.(î=~) 1] + ltana 
t.u 

- u 1 + 
t.ub + + 0 

Et(bo)h ub 0 

and K S 
ub 

. ln Y 
0 h 
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16:0:1 
0 

I
ÄUbl+ 16hl + 1 ÄY 1 

ub h Y ln Y 

With ÄU /u 
0 0 

3% 

1% 6h/h 

6st 

Et 
7% (also an accumulated error) 

6tana 
tana 

5% 

2% 

6K0 S 
it föllows that I<S 

0 

CURRICULUM VITAE 

0.7 for the velocity u 0 = 3.6 cm/s. 

Op verzoek van de Senaat volgt hier een overzicht 

van de tot nu toe korte levensloop van de schrij

ver van dit proefschrift. 

Hij werd geboren op 4 januari 1940 te Eindhoven. 

Lager Onderwijs volgde hij te Eindhoven en Roosen

daal. Aan het Norbertus Lyceum te Roosendaal en het 

Odulphus Lyceum te Tilburg genoot hij Middelbaar 

Onderwijs, in 1958 bekroond met het diploma H.B.S.-B. 

In datzelfde jaar begon de schrijver aan de studie 

tot scheikundig ingenieur aan de Technische Hoge

school te Eindhoven. Zijn afstudeerwerk verrichtte 

hij onder leiding van Prof.Or. K. Rietema. 

Na het behalen van het ingenieursdiploma in juni 

1964 werd de schrijver benoemd tot wetenschappelijk 

medewerker in de sektie Fysische Technologie onder 

leiding van Prof.Or. K. Rietema. Dit werk heeft uit

eindelijk geresulteerd ~n dit proefschrift. 



S T E L L I N G E N 

1. Het verdient aanbeveling de mogelijkheid te onder

zoeken afgebouwde steenkolenmijnen te gebruiken voor 

de natte verbranding van afvalwater. 

2. Voor een gas-vast gefluidizeerd systeem is viscositeit 

geen goed gedefinieerd begrip. Het berekenen van de 

viscositeit op grond van de vorm van de optredende bel

len in het bed is dan ook een zinloze operatie. 

(J.R. Grace, Can. J. Ch. Eng. 48 (1970), p.30). 

3. Het meten van verblijftijdsspreiding door middel van 

fosforescente stoffen verdient vaak de voorkeur boven 

radio-actieve tracer methoden. 

4. Met behulp van hellende trilgoten kan een zeer goede 

kwalitatieve voorscheiding verkregen worden van palm

notenpitten en palmnotenschalen. De methode is goed

koop en kan op de plantage zelf worden toegepast. 

5 . Godard en Richardson doen hun goede experimentele werk 

oneer aan, door voor de evaluatie van hun experimenten 

de correlatie van Richardson en Zaki te gebruiken, in 

plaats van de door Ergun gegeven correlatie tussen po

rositeit en superficiële snelheid in een gepakt bed. 

(Godard, K. and Richardson, J.F., Tripartite Chem. 

Eng. Conf., Montreal (1968)). 

6. Voor de berekening van de overdrachts-coefficient en 

de menging in de dichte fase in een gef luidizeerd bed 

is in principe slechts één experiment nodig. Door mid

del van de berekening van de momenten kunnen genoeg 

vergelijkingen gegenereerd worden om beide parameters 

te evalueren. 



7. Terugkeer naar het districtenstelsel zal, zoals ge

wenst, meer duidelijkheid brengen in de nederlandse 

partij politiek. Het zal eveneens de doodsteek be

tekenen voor die groeperingen, die verdere vernieuwing 

voorstaan. (Verkiezingsprogramma D'66). 

8. Een van de machtigste organen van de nederlandse econo

mie, het Burgelijk Pensioenfonds, staat buiten controle 

van zijn geldschieters. Het verstrekken van investe

ringsrapporten aan alle leden kan hierin verbetering 

brengen. 

9. Dat in Nederland de mening van de leek in de katholieke 

kerk een sterk stempel drukt op de uitoefening van de 

religie kan gezien worden als de eindfase van het eman

cipatieproces van de nederlandse katholiek. 

10.Juist als klein land met een internationaal erkend hoge 

moraal moet Nederland in staat zijn om het wantrouwen 

tussen de beide grootmachten in de wereld te verminderen 

door uit de NATO te treden. De vrijgekomen mankracht en 

financiële middelen kunnen aangewend worden voor daad

werkelijke hulp aan de ontwikkelingslanden. 

11.Stellingen zijn voor de belangstellende toeschouwer het 

zuurdeeg van de promotie en dienen in ere te blijven ge

houden. 

12.De terugkruising van Mollienisia latipinna met Mollien

isia velifera levert slechts steriele varieteiten. 


