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Oxidative Coupling of Methane: A Comparison of Different
Reactor Configurations

Aitor Cruellas, Tommaso Melchiori, Fausto Gallucci, and Martin van Sint Annaland*

A quantitative comparison of the performance of the most common reactor
configurations proposed for the oxidative coupling of methane (OCM) is made on
the basis of numerical calculations with phenomenological reactor models. The
configurations that are analyzed can be divided into two main categories, namely,
packed-bed reactors (including conventional packed beds with external cooling,
packed-bed membrane reactors, and adiabatic packed beds with post cracking)
and fluidized bed reactors (bubbling fluidized bed reactor, circulating fluidized
bed reactor, and fluidized bed membrane reactor). The challenges in both con-
figuration types, mainly the heat management in the case of the packed-bed
reactors and the low C2þ yields obtained in fluidized bed reactors, are evaluated
and quantified. To ensure a fair comparison, La2O3/CaO is chosen as the OCM
catalyst for all the considered cases, mainly in view of the availability of a com-
prehensive kinetics model. The results show that, with conventional configu-
rations, it is not possible to achieve high C2þ yields that are needed to make the
process economically viable. However, the results also indicate that the C2þ yield
can be significantly improved by feeding the oxygen distributively along the
reactor axial length.

1. Introduction

The increasing oil price compared with the price for natural gas
makes interesting to use natural gas as feedstock for the produc-
tion of hydrocarbons, which is why the production of hydrocar-
bons from natural gas has become an important research field in
the last decades. The two main options for carrying out this con-
version: 1) the indirect route through syngas production and
Fischer–Tropsch synthesis, which is already implemented in
industry and involves many steps and 2) the direct route via
the oxidative coupling of methane (OCM).

OCM has been investigated since the 1980s,[1] and many
papers/patents related to this process can be found in the litera-
ture.[2] Although this process is performed in just one step, an
industrial scale application has never been reached because of
the parallel and consecutive undesired reactions that limit the

attainable C2 yield. The primary reactions
of OCM are the following:

2CH4 þ O2 ! C2H4 þ 2H2O (1)

CH4 þ 2O2 ! CO2 þ 2H2O (2)

CH4 þ O2 ! COþH2OþH2 (3)

Combustion and other consecutive C2

reactions limit the production of higher
hydrocarbons (C2þ), which thus result in
low C2þ yields. With conventional technol-
ogies, in which oxygen and methane are
premixed, the maximum yield that has
been reported with a stable catalyst was
always below 25%.[2] However, this yield
needs to be improved to make OCM eco-
nomically feasible for exploitation at indus-
trial scales.[3]

Many different OCM reactor configura-
tions have been proposed over the last
decades.[2] The most often proposed config-
urations, together with some of the most
promising novel reactor concepts, are sim-

ulated in this work to quantify and compare their performance
on the same footing.

The packed-bed reactor is the first configuration that isn stud-
ied in this work because it is one of the simplest and well-known
concepts in the chemical industry. For exothermic reactions, like
OCM, multitubular configurations are used to allow sufficient
heat exchange surface area between the coolant and the reaction
mixture. For OCM, Siluria also proposed an adiabatic packed-bed
reactor,[4] where the gas is fed at relatively low temperature, and
the produced heat is used to carry out the endothermic ethane
dehydrogenation in a second stage.

As proposed by many authors in the literature,[5–8] the integra-
tion of oxygen membranes in a packed-bed reactor, resulting in a
packed-bed membrane reactor, can enhance the performance of
the process. The main positive aspect of this design is that the
reaction is distributed along the axial length of the reactor while
keeping a low oxygen partial pressure, which favors the desired
reactions of the process over the combustion reactions and con-
sequently increases the C2þ selectivity.[5,7,9] Furthermore, the
heat released by the reactions is also distributed, making the heat
management and control of the system easier. Therefore, the use
of membranes in packed-bed reactors has also been evaluated
and compared with the conventional packed-bed reactor.

As an alternative to packed beds, heat management issues can
also be mitigated by using fluidized beds, which enhance the
heat transfer in the reactor, thus preventing local hot spots in
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the bed. However, the exchange between the different phases in a
fluidized bed can also influence the achievable performance.
Therefore, three fluidized bed cases are simulated and evaluated:
1) a bubbling fluidized bed with a fluidization velocity moderately
higher than the minimum fluidization velocity with clearly
discernable bubble and emulsion phases; 2) a circulating fluid-
ized bed system, where the solids are transported upward
together with the gas in a riser reactor; and 3) a fluidized bed
membrane reactor, where the oxygen is distributed along the
axial reactor length of the fluidized bed.

To perform the simulation study, different catalysts for differ-
ent configurations may have to be considered, where each cata-
lyst has a specific performance in terms of activity and selectivity,
and different kinetics.[10] One of the most often used OCM
kinetics in the open literature was developed for a La2O3/CaO
catalyst[11,12] by Stansch et al.,[11] and its behavior is well-known.
In the last years, another catalyst, namely, Mn–Na2WO4/SiO2, is
investigated in detail. This catalyst is more selective than the La-
based catalyst; although its activity is lower, it could also be a good
choice for industrial OCM applications. However, no fully reli-
able kinetic schemes were found in the literature for this catalyst.
Tiemersma et al.[13] reported some parameters for the OCM reac-
tions, but the temperature dependency was not considered, and
C2 reforming reactions were not included. Lee et al.[14] proposed
a more detailed mechanism, including some radical species and
the dependency on the catalyst coverage, but it was found to be
inconsistent as to the total mass balance. Lomonosov et al.[15]

corrected the form of the reaction rate equations for the OCM
reactions but did not report the equations and parameters for
the side reactions. Other studies like the one proposed by
Daneshpayeh et al.[16] need further investigations before being
safely implemented.

Because of these reasons and the fact that a very broad range of
conditions and reactor configurations are going to be investi-
gated, the La2O3/CaO catalyst kinetics has been selected to per-
form the simulations in this work. This kinetic model includes
both parallel side reactions (mainly total and partial combustion
of methane), consecutive side reactions (combustion and reform-
ing of C2), and also one gas-phase reaction (ethane dehydroge-
nation) and can be seen in the Supporting Information of this
work. However, it should be noted that the selected kinetics
model has not been validated under some of the conditions at
which it is used in this work. An extension of this study may be
possible in the future when more refined kinetics models for the
tungsten-based catalyst system become available. However, the
main conclusions reported in this work are generally valid for
different catalysts.

2. Packed-Bed Configurations

Among all the experimental works published on OCM, the per-
formance of conventional catalytic packed-bed reactors is the
most widely investigated work. A literature review shows that
C2þ yields above 19% have not been reported for the conven-
tional packed-bed reactor concept,[12] unless operated under par-
ticular conditions, such as the use of unstable catalysts (Li based)
or very high feed dilution,[17] which are considered unsuitable for
large-scale applications. What is often neglected in these studies

is how the reactor temperature can be controlled when upscaling
the reactor. Generally, the small dimensions of the experimental
setups and the conditions used (e.g., relatively low conversions)
allow performing the reaction under nearly isothermal condi-
tions without problems; but for large-scale reactors, the relatively
small available surface area for heat exchange can easily become
problematic, as shown by a comparative study by Dautzenberg
et al.[18] With a simplified quantitative analysis, it is concluded
that the multitubular packed beds are not an advantageous solu-
tion to conduct OCM, in comparison with fluidized bed reactors.
In this section, a more detailed evaluation of these aspects is
presented.

A pseudohomogeneous plug-flow reactor model was imple-
mented to simulate the OCM reaction in multitubular packed
beds under nonisothermal conditions. The model includes the
component and total mass balances, an energy balance, and the
Ergun equation in its differential form to account for the pres-
sure drop over the reactor. It should be noted that the pressure
drop over the reactor can be the limiting factor in the reactor
design, particularly for relatively long tubes, high gas flow rates,
or small catalyst particle sizes. The model equations are summa-
rized in Table 1.

The parameters to calculate the species heat capacities were
taken from the NIST database,[19] whereas the viscosity of the
gas mixture was calculated using a mixing rule.[20]

The efficiency of the cooling is assumed to be ideal outside the
reactor tubes—the external heat transfer coefficient is assumed
to be infinite, and the coolant temperature is constant along the
axial direction (which is valid if the flow rate or the heat capacity
of the coolant is very high). The effect of axial diffusion is
neglected (it will be shown in the adiabatic simulations that this

Table 1. Equations used to simulate the packed-bed reactor.

Gas phase mass balances:

dciv
dz

¼ r jðcj , T , PÞ (4)

dcv
dz

¼
XN

j¼1

r j (5)

Total energy balance:

vcCP
dT
dz

¼ �
XN

j¼1

HjðTÞr j � UaðT � Tr Þ (6)

Ergun equation

dP
dz

¼ � ρv
dp

ð1� ∈Þ
∈

�
150μð1� ∈Þ

pdp
þ 1.75v

�
(7)

Additional equations

Cp ¼
XN

j¼1

xjCpjðTÞ (8)

ρ ¼ P
RT

XN

j¼1

xjMWj (9)

HjðTÞ ¼ HjðT0Þ þ
ZT

T0

CpjðTÞ (10)
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is indeed unimportant). By specifying the inlet conditions as
boundary conditions, the model can be solved with a standard
ODE solver (MATLAB’s ode15s was used), obtaining the axial
profiles of the gas composition, gas velocity, temperature, and
pressure inside the reactor tube.

2.1. Conventional Packed Bed with External Cooling

In packed beds, the highly exothermic OCM and combustion
reactions result in the formation of hot spots inside the reactor.
With proper operating conditions and tube dimensions, the
system is able to keep the temperature of the hot spot to a suffi-
ciently low value. Otherwise, a very sharp reaction and tempera-
ture front are formed at a single point in the reactor, similar to
what occurs in a premixed flame. This phenomenon is related to
the exponential dependency of the reaction rates on the temper-
ature. The runaway regime must absolutely be avoided for the
OCM process, because at very high temperatures, the selectivity
to the desired C2þ is lost,[21–24] whereas it poses risks to the cata-
lyst and reactor integrity. The proposed model is able to simulate
and evaluate the conditions for which the controlled or the run-
away regime is present in the reactor. In this second case, a char-
acteristic temperature profile is established with two inflection
points before the maximum value. A qualitative example of a run-
away case is shown in Figure 1.

The formation of hot spots is basically related to how the terms
in the energy equation can balance each other. The source term
associated to the heat of reaction depends on the values of the
reaction rates. This will increase with the gas pressure and with
the catalyst concentration inside the bed. The gas composition
will also play a role in this. The heat transfer term depends
on the efficiency of heat exchange (heat transfer coefficient), on
the surface area of the tube, and on the temperature of the cool-
ing fluid, whereas the convection term depends on the gas veloc-
ity, so on the gas flow rate. In summary, almost all process
variables influence the thermal performance of the reactor.

To evaluate the efficiency of the heat management in tubular
reactors and the influence of hot spots on the achievable C2þ
yield, different simulations were conducted with the presented
model. The tube dimensions were initially fixed (4 cm diameter,
1m length, and 3mm particles), as well as the inlet conditions

for the gas (T¼ 800 �C, P¼ 2 bar, Methaneþ Air co-feed,
CH4/O2 ratio¼ 4). The model was used considering different
amounts of catalyst in the reactor and different values of gas
hourly space velocity (GHSV). In this case, the GHSV was
defined as the ratio between the inlet gas volumetric flow rate,
calculated at standard conditions, and the volume occupied by
the gas (reactor volume scaled by the bed porosity).

For the cooling system, a constant value for the overall heat
transfer coefficient (U¼ 300Wm�2 K�1), based on Dautzenberg
et al.'s study,[18] was selected. Moreover, a constant temperature
for the coolant (Tc¼ 800 �C) was assumed. This approximates
the situation when the coolant has a very high heat capacity or
when a very high flow rate is used. The simulations results are
shownd in Figure 2.

For the selected geometry and operation conditions, the maxi-
mum C2þ yield that can be obtained with small catalyst fractions
(10�4–10�2) and a GHSV in the range of 100–10000 h�1 is about
13%–14%, which is in agreement with most catalytic studies
about OCM in packed-bed reactors.[11,25,26] The isocontour lines
of the same C2þ yield are straight on logarithmic scale (indicating
a small influence ofΔP orΔT): as expected, the same yield can be
obtained when increasing the gas flow rate and the amount of
catalyst at the same time. The yield decreases with an increase in
the flow rate because of the reduced gas residence time and for
lower catalyst fractions.

If the maximum temperature peak exceeds a certain value
(around 50–80 �C), a runaway effect can be observed. This cor-
responds to a quick drop in the selectivity to C2þ and a very large
temperature rise,[18,23,24] which can lead even to catalyst deacti-
vation. In Figure 2, the red line represents the simulations where
the maximum temperature increase in the reactor is 50 �C.
Above this line, the isocontour lines are very close to each other
because of the runaway regime. The green line represents the
GHSV for which a relative pressure drop of 20% occurs over
the packed bed. To limit the pressure drop and temperature rise,
it is necessary to work at a lower GHSV and catalyst fraction. In
this case, the operability area is quite affected by the two con-
straints, but the maximum theoretical yield calculated for the iso-
thermal and isobaric case seems still achievable (however, at the
expense of a much-increased reactor volume).

The results shown in Figure 2 are affected by an important
simplification related to the heat transfer efficiency, which was
assumed constant. In particular, the overall heat transfer coeffi-
cient strongly depends on the superficial gas velocity. For a more
precise estimation of the constraints, the following expression for
the heat transfer coefficient was used[27]:

U ¼
�
1� 1.5

�
D
dp

��1.5
�

λ

dp
Pr1=3Re0.59 (11)

The calculations were repeated with this tube Nusselt correla-
tion, and the results are shown in Figure 3.

Decreasing the gas velocity has a drastic influence on the ther-
mal performance of the reactor. This poses quite a problem
because the best yields are theoretically achievable at low flow
rates and higher residence times, or high flow rates with higher
catalyst concentrations. The constraint on the pressure drop is
the limiting factor to operate in the latter regime. These results
demonstrate that the formation of hot spots seriously decreases
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Figure 1. Qualitative comparison of typical temperature profiles inside the
catalytic bed in the controlled and runaway regimes (inlet temperature is
800 �C).
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the achievable C2þ yields in packed-bed reactors, in comparison
with the ideal isothermal case.

The combination of pressure and temperature effects
becomes very critical for the OCM system. Very low yields

are obtained when choosing this tube size. Note also that
the amount of catalyst that can be used in this case is
extremely low, which is consistent with the very high activity
of La2O3/CaO.

T>50°C

   P/P
>20%
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C2 yield=2%
C2 yield=6%
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Figure 2. Predicted C2 yields for different GHSVs and amounts of catalyst. Single tube simulations (4 cm diameter, 1 m length, Tin¼ 800 �C, Pin¼ 2 bar,
Methaneþ Air cofeed, CH4/O2¼ 4). Energy balance solved using a constant overall heat transfer coefficient U¼ 300Wm�2 K�1. Green line: simulations
with ΔP/Pin¼ 20%. Red line: simulations with max(ΔT)¼ 50 �C.
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Figure 3. Predicted C2 yields for different GHSVs and amounts of catalyst. Single tube simulations (4 cm diameter, 1 m length, Tin¼ 800 �C, Pin¼ 2 bar,
Methaneþ Air cofeed, CH4/O2¼ 4). Energy balance solved calculating the overall heat transfer coefficient from the Nusselt correlation (Equation (11)).
Green line: simulations with ΔP/Pin¼ 20%. Red line: simulations with max(ΔT)¼ 50 �C.
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These results shown in Figure 2 and 3 are valid for the selected
tube geometry and process conditions. Therefore, the effect of
the tube dimensions (diameter and length) on the achievable
yield was investigated. The results of the sensitivity analyses
are shown in Table 2.

Increasing the heat exchange surface area has a beneficial
effect on the temperature control. This is the reason why a higher
yield can be obtained when decreasing the tube diameter and
increasing its length, without exceeding the maximum tempera-
ture rise imposed by the optimization algorithm. In particular,
from these results, it is evident that short tubes cannot be used
for OCM. Also, tubes with a relatively large diameter (which is
important to apply this process on an industrial scale) are not
recommended because it is not possible to control the heat man-
agement. Thus, the required small diameter of the tubes may
become an important source of cost for the reactor. Another
option to enhance the efficiency of the heat exchange is to operate
at a higher gas velocity in the tubes, but this is limited by the
allowable pressure drop, which increases with the increasing
tube length. The optimum solution for this kind of reactors
appears to be operating with long tubes, low flow rates, and a
very diluted catalyst. The results clearly indicate that a very active
catalyst is not helpful for packed-bed reactors because large reac-
tor volumes are required to achieve the desired heat exchange.
For the lanthanum-based catalyst, extremely high catalyst dilu-
tion ratios must be used to balance the reaction rates with the
available surface area needed to extract the produced reaction
heat.

2.2. Packed-Bed Membrane Reactor

To investigate the performance of the packed-bed membrane
reactor (see Figure 4), a configuration has been selected where
the catalyst bed was positioned around a membrane tube. Air
is fed to the membrane section, which is selective to oxygen, thus
allowing to introduce pure oxygen to the catalyst bed in a distrib-
uted way along the entire length of the reactor. The catalytic sec-
tion, where the OCM reaction is performed, is placed inside an
external tube filled with a cooling fluid to counterbalance the exo-
thermic behavior of OCM.

The mass and energy balances of this system are solved for the
two reactor compartments, namely, the retentate (air side) and

permeate (fuel side). A mass transfer term between the two com-
partments is introduced in the oxygen mass balances. The energy
balances also account for a heat transfer term between the air and
fuel side because of conduction through the membrane. External
cooling is considered through an extra term in the energy balance
for the annular region, where—as earlier—the external cooling is
considered as ideal (i.e., constant temperature of the coolant and
no external heat transfer resistance). The model equations are
given in Table 3.

The flux of oxygen through the dense selective membrane is
described with the generalized equation by Xu and Thomson.[28]

This equation presents three parameters (Dv, kr, and kf), which
depend on temperature through an Arrhenius-type relation.
Table 4 shows the values of the permeability parameters
used for this study,[29] which corresponds to a hollow fiber
Ba1�xSrxCo1�yFeyO3�δ (BSCF) perovskite membrane.

It was assumed that the catalytic bed was undiluted. The high
concentration of active catalyst increases the reaction rates so
much, that all the oxygen is consumed as soon as it reaches
the methane in the fuel section, producing a very large amount
of syngas. As a consequence of this and the ethylene reforming,
which is accounted for in the Stansch OCM reaction mechanism,
the methane conversion is very high (�81%), whereas the pre-
dicted C2þ selectivity in the outlet is quite low (�28%).
Subsequently, a simulation was carried out as earlier (same
geometry and operating conditions), but for a packed bed that
contained only 10% of active catalyst. For these simulations,
800 �C was selected as the reactor temperature with a total

Table 2. Sensitivity analysis of OCM in a packed-bed reactor with different
dimensions.

Base case
Sensitivity 1
[diameter]

Sensitivity 2
[axial length]

Tube length [m] 1 1 10

Tube diameter [m] 0.04 0.02 0.04

Maximum yield [%] 7 9.5 12

Inlet temperature [�C] 800 800 800

Temperature increase [�C] <50 <50 <50

Inlet pressure [bar] 2 2 2

Pressure increase [bar] ΔP/P> 20% ΔP/P> 20% ΔP/P> 20%

CH4/O2 ratio 4 4 4

Figure 4. Scheme of a packed-bed membrane reactor.
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pressure of 2 bar, whereas the optimal CH4/O2 ratio, which was
used to run these cases, was found to be 2.6. The results are
reported in Figure 5, showing the trends of conversion, selectiv-
ity, and yield, and in Figure 6, showing the axial temperature
profiles.

An enormous increase in the selectivity to C2þ can be achieved
in the packed-bed membrane reactor (78% at the outlet), while

Table 3. Equations used to simulate the packed-bed membrane reactor.

Equations for the fuel side

dcfi v
f

dz
¼ r i þ kfi a

f cm,f
i � cfi (12)

dcf vf

dz
¼

XN

j¼1

r j þ kfj a
f cm,f

j � cfj (13)

vf cf Cf
P
dTf

dz
¼

XN

j¼1

½HjTf r j � � Uaf Tf � Ta (14)

dPf

dz
¼ � ρf vf

dp

ð1� εÞ
ε3

�
150μf ð1� εÞ

ρf dp
þ 1.75vf

�
(15)

r i ¼
XNR

j¼1

νijRjρcatð1� εÞ (16)

Equations for the air side

dcai v
a

dz
¼ kai a

acai � cm,a
i (17)

dcava

dz
¼ �

XN

j¼1

kaj a
acaj � cm,a

j (18)

vacaCa
P
dTa

dz
¼

XN

j¼1

UaaTf � Ta S
f

Sa
(19)

Equations at the membrane interface

kfi ðcm,f
i � cfi Þ ¼ Jm (20)

�kai ðcm,a
i � cai Þ ¼ Jm

Sf

Sa
(21)

hf ðTf � Tm,f Þ ¼ UðTf � TaÞ (22)

haðTm,a � TaÞ ¼ UðTf � TaÞ S
f

Sa
(23)

Equation for the oxygen flux through the membrane

Jm ¼ Dvkr ððpm,a
i Þn � ðpm,f

i ÞnÞ
2δkf ðpm,a

i pm,f
i Þn þ Dvððpm,a

i Þn þ ðpm,f
i ÞnÞ

(24)

n¼ 0.5

Heat and mass transfer coefficients

kfi ¼ 0.0096
Di

deq,i
Sc0.346f Re0.913f (25)

kai ¼ 0.0096
Di

deq,a
Sc0.346a Re0.913a (26)

hf ¼ 0.17
λf

dp

�
Prf
0.7

�1
3
Re0.913a (27)

ha ¼ 0.023
λa

Rm ðPraÞ13Re0.8a (28)

U ¼ 1
1
kf
þ 1

ka
Sf
Sa þ Rm

λm lnðRmþδ
Rm Þ

(29)

Table 4. Values of the permeability parameters resulting from the fitting of
experimental data.[29]

Pre-exponential factor Activation energy [kJ mol�1]

Dv ½m2s�1� 9.823 91.8

kr ½molm2s�1� 15.36 56.3

kf ½ms�1Pa�0.5� 308.5 267.0
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Figure 5. Calculated axial profiles of methane conversion, C2þ selectivity,
and C2þ yield at the permeate side of the membrane reactor. Simulations
for the packed-bed membrane reactor with 10% La2O3/CaO catalyst par-
ticles in the packed bed, temperature of 800 �C, inlet pressure of 2 bar, and
CH4/O2 ratio of 2.6.

800

810

820

830

840

850

0 1 2 3 4 5

T
 (

ºC
)

Axial reactor length (m)

Retentate bulk

Reactor -retentate interphase

Reactor bulk

Figure 6. Calculated axial temperature profiles at the permeate side, reten-
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Simulations for a packed bed with 10% La2O3/CaO catalyst particles, tem-
perature of 800 �C, inlet pressure of 2 bar, and CH4/O2 ratio of 2.6.
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also the methane conversion is slightly higher (81%). As a result,
the C2þ yield is increased to 63%. The amount of produced syn-
gas is much lower in this case, which means that a lower fraction
of produced C2 is consumed by consecutive reforming reactions.
These results clearly show that the activity of the packed bed, that
is, the amount of catalyst, can be used to improve the product
selectivity because it affects the OCM reactions and consecutive
reforming reactions of C2 differently.

Despite the very high conversion obtained, the hot spot can be
well controlled. The average reactor (permeate) temperature is
higher in this case with the diluted catalyst bed compared with
the simulation with only catalyst particles, and this is related to
the decreased extent of endothermic reforming. The outlet tem-
perature rise is only 40 �C, which also means that the combined
cooling with the external fluid and with air in the retentate com-
partment is quite effective.

To directly compare the membrane reactor performance with
the cofeed operation in the packed-bed reactor, the same base
case presented for the membrane reactor was simulated, but
assuming that no permeation through the membrane is possible.
As the only other difference, the catalyst was diluted with a factor
104, which is necessary to prevent the runaway regime (higher
reaction rates result in a too high hot spot with the consequent
loss of all C2þ selectivity). Moreover, the risk associated because
of working in the explosion regime has been ignored in these
simulations, although it is of course a critical aspect when con-
ducting experimental work under these conditions. The results
are summarized in Table 5.

Note that the temperature rise at the hot spot is already 70 �C
for strongly diluted cofeed packed-bed reactor configuration,
which is quite close to the transition to the runaway regime.
The temperature rise is much higher than the temperature
increase that was observed for the distributed feed operation,
despite the much lower amount of catalyst, and the obtained
C2þ yield is quite low, only around 5%. For the distributed O2

feeding cases, both conversion and selectivity are increased when
diluting the catalyst bed and increasing the reactor length. This
example shows that, even if high reactor volumes are necessary
to effectively operate membrane reactors, even higher reactor
volumes are required for conventional packed beds, because
of the enormous catalyst dilution needed to compensate for
the inefficient heat transfer in this configuration.

2.2.1. Analysis of the Reaction Rates

The three presented cases show a different operation of the
reaction mechanism. The distributed feed case with pure
catalyst has more or less the same C2þ selectivity than in the
cofeed operation but with a much higher methane conversion.
With distributed feeding, a major part of the selectivity loss is
related to CO production, whereas in the cofeed configuration,
more CO2 is formed. A large improvement in the selectivity can
be noted by diluting the catalyst in the membrane reactor.
To gain more insight, the average values of the reaction rates
inside the reactor were calculated for all three cases, as shown
in Figure 7.

The results show that, in case of distributed O2 feeding, the
combustion reactions (both complete and incomplete) of meth-
ane and ethylene are relatively unimportant compared with the
OCM reactions. This is quite different for the cofeed operation,
where total and partial combustions are competitive and repre-
sent a major source of loss of carbon selectivity to C2þ. In mem-
brane reactors, the only important side reaction involving oxygen
is the CO combustion: this is not directly related to a decrease in
C2þ selectivity because it is only a consequence of the formation
of carbon monoxide through reforming of ethylene, which is the
real undesired step to be avoided in this case, whereas in cofeed
operation, the CO oxidation is not so important. As indicated ear-
lier, C2 reforming is playing a much more important role when
using the undiluted catalyst. The larger CO production also
results in a higher O2 consumption for its consecutive oxidation
to CO2: this is the reason why with pure catalyst, the methane
conversion is 10% lower, even if the amount of permeated
oxygen is slightly higher than with diluted catalyst (CH4/O2 is
lower). In summary, in membrane reactors, the amount of
catalyst in the bed affects the extent of reforming reactions,
but not the rate of primary OCM reactions, whose rate is con-
trolled by the oxygen flux through the membrane. For this
reason, the catalyst concentration can be tuned to optimize
the C2þ selectivity.

In conclusion, the simulations show that the integration of
membranes may lead to a large improvement in the performance
of a packed-bed reactor for OCM. The two key factors are the
extent of the different OCM reaction rates along the reactor,
which can be relatively controlled by means of the amount of
catalyst present in the bed, and the improvement in the heat
management due to the distributed reaction and the additional
cooling provided by the heat transfer with air.

Adiabatic Packed Bed with Post Cracking: In the previous sec-
tions, the problems stemming from hot spot formation in OCM
tubular packed beds were addressed including how this can be
more easily handled in the distributed feed configurations.
Another possibility is to operate the packed bed under adiabatic
conditions, which can have a clear advantage in terms of sim-
plifying the reactor geometry (no tube and shell structure, but a
single vessel), as well as its operability (no more need to handle
a cooling fluid and to optimize the heat exchange).

A simple solution for this problem has been proposed by
Siluria.[4] The key aspect of this concept is to operate with a rela-
tively cold feed (�530 �C). The feed temperature should be high
enough to allow reaction activation, but at the same time, the

Table 5. Comparison of the simulation results for packed beds, with
cofeed and distributed oxygen feed with diluted and undiluted catalyst
beds.

Distributed feed
[pure catalyst]

Distributed feed
[diluted catalyst]

Cofeed
[diluted catalyst]

CH4/O2 2.3 2.6 2.6

% catalyst in solid 100% 10% 0.007%

XCH4
71% 81% 17%

SC2þ 28% 78% 26%

YC2þ 20% 63% 5%

max(ΔT) 34 �C 40 �C 70 �C

ΔP/P0 8% 7% 9%
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adiabatic temperature rise must not be so high to cause a com-
plete loss of selectivity (the maximum temperature should not
exceed approximately 1000 �C). The OCM system is prone to
exceed this limit in adiabatic operation, but one possibility to
avoid this is to operate with high CH4/O2 ratios: in this case,
the temperature rise is limited by the amount of oxygen present
in the system.

In their economic analysis, Siluria proposed to use a two-stage
adiabatic reactor, where the first stage consists of a catalytic bed
in which the OCM takes place, and the second stage consists of a
catalytic bed for the dehydrogenation. Between the two stages,
extra ethane is fed, and the high temperature reached by the exo-
thermic reactions in the first section is used to carry out the endo-
thermic conversion of ethane to ethylene. A methane inlet flow
rate of 1065 ton h�1 has been selected for the simulations of this
case, with an initial CH4/O2 ratio of 10 and without nitrogen
dilution. The inlet temperature was set to 540 �C and the pres-
sure to 9 bar. Finally, the ethane flow rate for the second stage
was 90 ton h�1.

For this adiabatic reactor case, the diffusion terms were added
to all the conservation equations. This was done particularly to
evaluate how much the axial heat dispersion influences the axial
temperature profiles when no external cooling is applied to the
system.

The mass balances for all the individual chemical species are
given by:

dciv
dz

¼ � dJi
dz

þ ri (30)

where the diffusive fluxes are calculated with the generalized
Fick's law:

Ji ¼ �c
XN�1

j¼1

�
Dij

dxj
dz

�
(31)

A total mass balance is added to evaluate the gas velocity v:

dcv
dz

¼
XN

j¼1

ðrjÞ (32)

The energy balance reads:

cCp
dT
dz

¼ d
dz

�
λ
dT
dz

�
�
XN

j¼1

Hjrj (33)

The gas diffusivities were calculated by the binary diffusion
coefficients as a function of temperature and pressure. The con-
ductivity of the bed was calculated from the contribution of the
solid and gas phase:

λ ¼ ελg þ ð1� εÞλs (34)

where λg was evaluated as a function of temperature and gas
composition.

This model was used to simulate the two reactor sections
(OCM and cracking). The Stansch mechanism was applied for
both the reactor sections; the only difference is that the catalyst
concentration was set to zero in the second section. This auto-
matically sets all the reaction rates to zero, except for the dehy-
drogenation of ethane to ethylene, which is supposed to be a gas
phase reaction and thus does not depend on the concentration of
La2O3/CaO. Figure 8 and 9 show the simulation results of the
two-stage bed, using the reactor dimensions and operating con-
ditions from Siluria. A catalyst fraction of 40% was assumed to
reduce hot spot formation in the bed

In the first reactor stage, the reaction activates at 650–700 �C,
and consequently, a very sharp reaction front is formed, where
the temperature rises to about 980 �C. This could be considered
as a kind of controlled runaway regime: even if the temperature
profile is very pronounced, the temperature cannot exceed
1000 �C. After the oxygen is completely consumed, neither
OCM nor combustion reactions can occur anymore. At this
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Figure 7. Average calculated values of the reaction rates according to the Stansch mechanism,[11] for the three considered base case simulations,
namely, cofeed packed-bed reactor with diluted catalyst and distributed feed in the packed-bed membrane reactor with a diluted and undiluted
catalyst bed.
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point, only the other side reactions can take place, including C2

dehydrogenation and reforming, according to the kinetic mech-
anism. Before the end of the first stage, a change in the concen-
tration profiles can be observed, which is related to this.

The second stage is characterized by the formation of ethylene
and hydrogen, together with a temperature decrease due to the
endothermic dehydrogenation reaction. A discontinuity in the
molar profiles can be noted between the first and second stage,
corresponding to the addition of external gas (C2H6). After the
first stage, the methane conversion is 12%, with a C2þ selectivity
of 49%. This corresponds to a global C2þ yield of 6%. As
expected, the yield is seriously limited by excessive methane,
which is a necessary condition to avoid too high temperatures,
and to keep the selectivity reasonably high. In their report,
Siluria also suggested the possibility to split the first section into
two reactors with intermediate cooling when the gas reaches a
temperature in the range of 800–900 �C. This appears very diffi-
cult to achieve because the reaction front is located exactly in

correspondence of these temperatures. An even lower amount
of oxygen should be fed to fulfil this condition.

In conclusion, the adiabatic packed-bed reactor is probably the
simplest concept that can be devised for OCM. It can be applied
for this reaction system, even for very high gas flow rates, but
with a relatively low performance in terms of achievable C2þ yield
(lower than with multitubular packed beds with cooling). The
main limitation is the high methane dilution needed to control
the maximum temperature, which strongly affects the achievable
conversion.

3. Fluidized Bed Configurations

Fluidized bed reactor technology can overcome the heat manage-
ment issues of packed-bed reactors. However, the effect of mass
transfer limitations between the different phases of both the reac-
tants and the products on the achievable C2þ yield needs to be
better understood and quantified. In this section, the perfor-
mance of a fluidized bed in the bubbling fluidization regime,
a circulating fluidized bed system, and a fluidized bed mem-
brane reactor for OCM is investigated and compared.

3.1. Bubbling Fluidized Bed

First, a fluidized bed reactor in the bubbling fluidization regime
is considered. In a bubbling fluidized bed, assumed to consist of
Geldart B-type particles, the gas velocity is typically 3–15 times
the minimum fluidization velocity. In the bubbling regime, there
is a clear distinction between the bubbles, regions characterized
by a relatively high porosity via whichmost of the gas moves from
the bottom feeding section to the top freeboard, and an emulsion
phase with a much higher solids holdup, through which the gas
percolates with a velocity close to the incipient fluidization veloc-
ity. In this work, the bubbling fluidized bed model developed by
Kunii and Levenspiel[30] was used (see also a.o. Medrano et al.[31])
and extended to include also the wake phase, which represents
the region inside the bubbles (around 15% of the bubble volume)
where the solids fraction is considered to be the same as in the
emulsion phase. A scheme of the proposed model structure is
shown in Figure 10, and a brief description of the model is pro-
vided below.

The total gas feed entering the reactor with a specified super-
ficial gas velocity, u0, is assumed to be distributed between the
bubble phase (including the wake), at velocity ub, and the emul-
sion phase (with a velocity ue). The bubbles are considered to be
devoid of solids, whereas the amount of solids contained in the
wake of the bubbles is assumed to be constant and equal to 15%
of the total bubble volume with a porosity equal to the emulsion
phase porosity. Mass transfer is accounted for to describe the gas
exchanged between the different phases. The component mass
balances and constitutive equations for the hydrodynamics and
mass transfer processes are summarized in the Supporting
Information.

For the OCM system, methane and oxygen need to be trans-
ported from the bubble phase to the wake and emulsion phases
containing the catalyst, where they react to form C2þ and side
products. Afterward, these species need to be transferred back
to the bubble phase, where they move upward to the freeboard.
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Figure 9. Calculated axial temperature profile in a two-stage adiabatic
packed bed (OCMþ ethane cracking). Reactor dimensions and operating
conditions according to the ones proposed by Siluria[4] (inlet temperature
is 540 �C, inlet pressure of 9 bar, and initial CH4/O2 ratio of 10 with 40%
La2O3/CaO catalyst particles).

0

0.03

0.06

0.09

0.12

0.15

0 1 2 3 4 5

X
i

Reactor axial length (m)

O2
CO2
H2O
C2H6
CO
H2
C2H4

2nd stage1st stage

Figure 8. Calculated gas molar fraction profiles in a two-stage adiabatic
packed bed (OCMþ ethane cracking). Reactor dimensions and operating
conditions according to the ones proposed by Siluria[4] (inlet temperature
is 540 �C, inlet pressure of 9 bar, and initial CH4/O2 ratio of 10 with 40%
La2O3/CaO catalyst particles).
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With the developed model, it is investigated whether mass trans-
fer limitations would have an overall positive or negative effect on
the OCM process performance.

As a base case, a high column of 4mwith 0.6 m diameter filled
with 300 μm diameter catalytic particles was considered. The
temperature was kept at 800 �C and the pressure at 2 bar while
using a relative fluidization velocity u/umf of 5. In this case, like
in the previous reactor simulations, the catalyst fraction in the
solids was set to a low value (10�3) to compensate for the very
high activity of the catalyst and to provide a fairer comparison
with packed-bed reactors. The results of the base case are
depicted in Figure 11.

The simulations show the relative poor performance achieved
with this reactor configuration, where the best case achieves only
slightly above 10% C2þ yield. As soon as the methane conversion
starts to become high, an important loss in selectivity is observed,
which is caused by mass transfer limitations limiting the net C2þ
production rate. Bubbles are acting like a distributed oxygen (and
methane) feed to the catalytic zones, but the selectivity

enhancement as found for the packed-bed membrane reactor
is not observed for the bubbling fluidized bed reactor with con-
sequent quite low C2þ yields. To explain this difference, the aver-
age reaction rates along the reactor length in the bubble phase
including the wake and the emulsion phase are shown in
Figure 12, and the axial concentration profiles of the different
species in each phase are represented in Figure 13.

Since the CH4–O2 mixture is distributed between bubble
(þ wake) and emulsion phase, the concentrations are equal in
both phases at the entrance of the reactor. Since the bubbles
are considered free of solids and the only catalyst present in
the bubble phase corresponds to the wake phase (15% of the total
bubble phase), the concentration profiles are steeper in the emul-
sion phase, corresponding to the higher reaction rates in the
emulsion phase. However, the generation of C2 in the bubble
phase together with the high reaction rates found in that phase
(Figure 12) indicates that reactions also occur in the wake phase.
In contrast, the oxygen supply to the emulsion phase goes in two
different ways. On one side, the oxygen fed at the beginning of
the reactor is distributed between bubble and emulsion phase
depending on the volume fraction of each phase. In addition,
oxygen can be transported from the bubbles, which is controlled
by the mass transfer between both phases, and this provides a
distributed oxygen feeding to the emulsion phase. However,
as can be deduced from Figure 13, the amount of oxygen trans-
ferred from the bubble phase is negligible in comparison with
the amount of oxygen directly fed into the emulsion at the bottom
distributor. Therefore, the concentration profiles in the bubble
phase are governed by the kinetics rather than by mass exchange
with the emulsion phase. In addition, the relatively high oxygen
concentration in both phases causes a relatively low C2þ selectiv-
ity, limiting the overall performance of the process.

The key factor to improve the reactor performance is the
enhancement of the bubble–emulsion mass transfer rate while
decreasing the reaction rates in the bubble wakes so that the
mass transfer processes govern the axial concentration profiles
in the bubble plus wake phase. To do this, the amount of catalyst
present in the bubble phase including the wake should somehow
be limited or its activity decreased. If the conversion in the wake
phase is limited, bubbles would act as a method of oxygen dis-
tribution to the emulsion phase, where the OCM could take place
at low oxygen concentration levels. Moreover, it would be bene-
ficial for the process to entirely feed the oxygen in the wake, thus
avoiding fast reactions in the emulsion phase close to the bottom
distributor with a relatively high oxygen concentration.

In conclusion, bubbling fluidized beds may be a good solution
in terms of thermal control but suffer from a poor performance
in terms of achievable yields due to mass transfer limitations, as
also reported in the literature.[32] The key to improve the perfor-
mance is to try to use the bubbles as a natural way of distributing
oxygen to the regions with high catalyst concentrations, but the
main obstacle seems to be the mass transfer rates from the bub-
ble wake to the bulk of the emulsion phase, because in the bubble
wake, the amount of oxygen is relatively high while at the same
time reactions take place.

In the next section, whether operation in a circulating fluid-
ized bed system could overcome these problems and achieve
higher C2þ yields is investigated. Finally, the use of membranes
in fluidized bed reactors[33,34] is also investigated. In this latter
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Figure 11. Calculated methane conversion, C2þ selectivity, and C2þ yield
with different CH4/O2 ratios in the bubbling fluidized bed reactor.
Simulations at 800 �C and 2 bar with 0.1% La2O3/CaO catalyst particles.

Figure 10. Scheme of the bubbling fluidized bed model by Kunii and
Levenspiel.[30]
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case, the amount of oxygen is low in all phases at the inlet, and
the O2 flux can be regulated by themembrane permeability tuned
to the hydrodynamics of the gas–solid system.

3.2. Circulating Fluidized Bed

An alternative fluidization technology that could also be used for
OCM is the circulating fluidized bed.[35–37] In this configuration,
gas velocities are much higher than in bubbling fluidized beds so
that the solids are transported upward in the main reactor sec-
tion. At the top, a system (commonly a cyclone) is used to sepa-
rate the particles, which are transported back to the bottom of the
reactor. Inside the bed, the solids are also partially recirculated in
the region close to the wall, where the solids naturally move
downward when operating at higher solids holdups.

A phenomenological model for circulating beds was proposed
by Pugsley and Berruti, who applied it for different reaction sys-
tems, including OCM.[38] The model is a core-annulus model,
which describes the two reactor regions that are characterized

by different fluid dynamic conditions and catalyst concentra-
tions. The model assumes that gas is transported upward in the
core section, and it is stagnant in the outer region and accounts
for radial gas mass transfer between the two sections. The model
equations are summarized in the Supporting Information of
this work.

For this concept, the following conditions were selected as a
base case. The column height was set to 7m, and a particle size
of 70 μm (Geldart A) was selected with a net solids flux of
100 kgm�2 s�1. It was assumed that undiluted catalyst particles
are fed to the reactor. For the circulating fluidized bed configu-
ration, it is possible to operate without solids dilution despite the
very high catalyst activity because of the very high void fractions
(>90%) prevailing in the bed. The CH4/O2 feed ratio was set to
4 with a bed temperature of 800 �C and a total pressure of 2 bar.
The value of the mass transfer coefficient was fixed at 0.05m s�1,
in agreement with the range of values proposed by the
authors.[38] The computed axial mole fraction profiles of methane,
oxygen, and ethylene for the core and annulus regions are given
in Figure 14.
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Figure 12. Calculated average reaction rates in the emulsion phase and the bubble phase (including the wake) in the bubbling fluidized bed reactor for the
case of a CH4/O2 ratio of 4 (at 800 �C and 2 bar with 0.1% La2O3/CaO catalyst particles).
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phase) in the emulsion phase and the bubble phase (including the wake)
in the bubbling fluidized bed reactor for the case of a CH4/O2 ratio of 4
(at 800 �C and 2 bar with 0.1% La2O3/CaO catalyst particles).
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Figure 14. Axial mole fraction profiles of methane, oxygen, and ethylene
computed with the Pugsley–Berruti fluidized bed reactor model (see the
Supporting Information of this work) for the core (continuous lines) and
annulus (dashed lines) regions (at 800 �C, 2 bar, and CH4/O2 ratio of 4).
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In the bottom part of the reactor, the gas composition in the core
and annulus regions is quite different, indicating the importance
of mass transfer limitations.When the oxygen concentration in the
core decreases, the compositions in the two regions get closer due
to the reduced reaction rates, and the kinetic resistance becomes
comparable with the mass transfer resistance. In the circulating
fluidized bed reactor, the core region acts as a kind of distributed
oxygen feeding to the annulus, similar to the bubbles in the bub-
bling fluidized bed reactor, as discussed earlier. At the reactor out-
let, almost all the oxygen from the core region has been transferred
and consumed. The corresponding methane conversion amounts
to 28% with a C2þ selectivity of 54%, giving a C2þ yield of 15%.

It is important tomention that the C2þ selectivity is enhanced in
the annulus part as a result of reduced methane total and partial
combustion reactions, resulting from the relatively low oxygen
concentration levels. However, as was also the case in the bubbling
fluidized bed reactor, the reaction kinetics predominates over the
mass transfer rates at the entrance of the reactor, causing that most
of the reaction takes place in the core where a relatively high oxy-
gen concentration is still present. Reduced kinetics or improved
core-annulus mass transfer rates are required to improve the reac-
tor performance, limiting the reactions in the core and distributing
the oxygen of the core more evenly to the annulus, where the reac-
tions could occur at lower oxygen concentrations.

3.3. Fluidized Bed Membrane Reactor

An interesting possibility to increase the overall yield of the pro-
cess is to integrate oxygen membranes into a fluidized bed reac-
tor. The equations used to simulate the fluidized bed membrane
reactor are given in the Supporting Information of this article,
whereas the hydrodynamics and mass transfer expressions have
been selected to be the same as in the case of the bubbling flu-
idized bed reactor. Similar to the case of the packed-bed mem-
brane reactor, the membranes distribute the oxygen feed along
the axial length of the reactor, keeping the oxygen partial pres-
sure low and consequently selectively enhancing the desired
reactions. Also for the fluidized bed membrane reactor, mass
transfer between the bubble and emulsion phases influences
the maximum yield that can be achieved. Mass transfer resistan-
ces could help protecting C2, formed in the emulsion phase and
migrated to the bubble phase, from undesired consecutive reac-
tions (reforming and combustion) because of the very low cata-
lyst concentration in the bubbles. In contrast, mass transfer can
also have a detrimental effect, because some methane and also
oxygen present in the bubbles may remain unreacted because of
the low catalyst concentration in the bubble phase, leading to a
much reduced conversion of the reactants.

For the simulations, the same conditions have been selected as
before for the bubbling fluidized bed reactor simulations. The
amount of oxygen has been varied by changing the number of
membranes in the reactor, whereas the catalyst dilution was fixed
at 10%. The membrane characteristics have been chosen identical
to those in the packed-bed membrane reactor simulations, with a
membrane diameter of 0.01m. The membrane length was equal
to the reactor length to maximize the oxygen distribution.

In Figure 15, the simulation results for different CH4/O2

ratios have been plotted.

The figure shows that an optimal CH4/O2 ratio is found at
around 1.5, corresponding to 50 membranes and resulting in
a C2 yield of 54%. The performance is significantly increased
when compared with the other fluidized bed configurations.
With this configuration, indeed a good distribution of the oxygen
feed is achieved along the bed, keeping a low oxygen partial pres-
sure in both phases, particularly also in the wake phase, where
most of the reactions take place.

The overall process performance with a C2 yield well above
30%–35%; the minimum value required to make the process eco-
nomically viable, is however lower than the C2 yield that can be
obtained with the packed-bed membrane reactor. To better elu-
cidate the differences in the performance of the two membrane
reactor configurations, the separate performance of the bubble
(plus wake) and emulsion phases for the optimal CH4/O2 ratio
is shown in Figure 16.

Because of the higher amount of catalyst in the emulsion
phase, the methane conversion is much higher, reaching almost
100% at the outlet, whereas in the bubble phase including the
wake is much lower (about 65% at the outlet). The C2þ selectivity
is higher in the bubble phase because of reduced consecutive
C2 reactions in the bubble phase, corresponding to the lower
amount of catalyst. However, the contribution of the bubble
(including wake) phase to the overall performance of the
OCM process is higher than the emulsion phase because of
the higher superficial gas velocity in the bubble phase.

The differences in reaction rates in both phases result in a dif-
ferences in required reactor length for optimal C2 yield, necessi-
tating finding a trade-off for the maximum overall yield and
consequently losing efficiency in at least one of the two phases.
The final consequence of this efficiency loss is a lower overall
yield than for the comparable case of a packed-bed membrane
reactor, where just one compartment (phase) is considered.

To confirm this effect, the mass transfer coefficients between
the different phases have been increased by 100 times for the
optimal fluidized bedmembrane reactor case, and the simulation
results are shown in Figure 17.

Because of the enhancement of the mass transfer between
phases, the profiles of both emulsion and bubble phase are
almost the same, although a small difference is still discernible
because of the faster reaction rates in the emulsion phase. Most
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Figure 15. Calculated methane conversion, C2þ selectivity, and C2þ yield
for different CH4/O2 ratios in the permeate side of the fluidized bed mem-
brane reactor (at 800 �C and 2 bar with 10% La2O3/CaO catalyst particles).
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importantly, a very strong increase in the overall performance of
the process is observed, where the C2 yield can even be increased
to values well above 70% and even surpassing the performance of
the packed-bed membrane reactor. By increasing the mass trans-
fer, the methane present in the bubbles is reaching the emulsion
phase easily, thus enhancing the methane conversion. In addi-
tion, part of the C2 formed in the emulsion and wake phase
can migrate back to the bubbles, which are free of catalyst, avoid-
ing consecutive catalytic reactions. As a consequence, the positive
effects of the use of fluidized beds are enhanced, whereas the
negative effects are minimized by increasing the mass transfer
rates between the phases.

In summary, membrane fluidized bed reactors could indeed
be a solution to improve the C2þ yield, and with simulations, it
has been demonstrated that this reactor concept can outperform
conventional reactor configurations. The performance of the flu-
idized bed membrane reactor is lower than the packed-bed mem-
brane reactor, unless the mass transfer rates between the phases
can be enhanced. However, fluidized beds provide a much easier
temperature control, which is shown to be crucial for the consid-
ered reaction system.

4. Conclusions

In this work, different reactor concepts for OCM have been com-
pared in detail with numerical simulations. With packed-bed

reactor configurations, a C2þ yield of around 20% can maximally
be achieved, even when assuming isothermal operation, which is
not easily accomplished in packed-bed reactor configurations.
Cofeeding of all reactants causes almost all conversion to take
place close to the reactor inlet, leading to a very large local heat
release in that region because of the strong exothermicity of the
OCM reaction system, with drastic consequences for the process
performance. The optimization of several design and operating
conditions, such as dilution of the catalyst with inert material
and/or increase of the gas velocity, can solve the heat manage-
ment issues, however at the expense of a strong decrease in
the OCM performance.

Subsequently, a packed-bed membrane reactor was simulated
to feed the oxygen in a distributed manner along all the reactor
length, thereby maintaining low oxygen partial pressures and
consequently favoring the desired reactions, which also helps
improving the reactor heat management and control of hot spot
formation. With a packed-bed membrane reactor diluting the cat-
alyst ten times with inert material to minimize the effect of the
C2 reforming reactions, the C2þ yield can be increased up to
60%, making the OCM process economically viable and compet-
itive with other technologies.

Another option to solve the heat management problem is the
deployment of a fluidized bed reactor technology, with which the
heat transfer is enhanced, facilitating easier thermal control of
the reactor. However, the performance of both the bubbling
and circulating fluidized bed configurations is rather poor,
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Figure 16. Calculated axial profiles of the methane conversion, C2þ selectivity, and C2þ yield for the permeate side of the fluidized bed membrane reactor:
A) overall reactor, B) separate bubble, and C) emulsion phase. Simulations at 800 �C and 2 bar, with 10% La2O3/CaO catalyst particles and with a CH4/O2

ratio of 1.5.
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achieving C2þ yields of only around 12%. Again, the integration
of membranes in this configuration can considerably improve
the reactor performance, reaching values that—although lower
than for the packed-bed membrane reactor—are sufficiently high
to render this process competitive with other ethylene technolo-
gies. It has been demonstrated that the mass transfer rates
between the phases need to be improved to further increase
the overall performance.

Although the results obtained in this work of both the packed-
bed and fluidized-bed membrane reactor concepts are good
enough to satisfy the requirements for industrial exploitation
of the OCM process, two important aspects that can significantly
affect the computation results need to be further investigated.
From one side, the reaction kinetics used for the simulations
in this work was not developed for use in a membrane reactor,
and some C2 consecutive reactions that can take place have not
been accounted for in the used kinetics model. In a membrane
reactor, where the desired products are formed throughout the
reactor and where oxygen is fed along the entire reactor, C2 con-
secutive reactions may become more important, especially
toward the end of the reactor, thus decreasing the overall perfor-
mance of the process. Unfortunately, so far no comprehensive
reaction kinetics has been found in the literature (suited for
application in a membrane reactor model) to reliably quantify
the extent of the decrease in performance.

In addition, it should be considered that the La2O3/CaO cata-
lyst (selected for all the simulations) is not able to completely

direct the reaction toward the desired products. As a conse-
quence, the overall yield obtained fromOCMwill always be influ-
enced by the particular characteristics of the catalyst chosen,
mainly activity and selectivity, even though the reactor configu-
ration used could help maximizing the yield toward the desired
products.

Another important assumption used in this work is related to
the selected 1D reactor configuration. In membrane reactors, lat-
eral concentration profiles of methane, oxygen, and C2 species
can significantly affect the overall reactor performance. The
increased oxygen and C2 concentrations near the membrane sur-
face relative to the methane concentration decrease the C2 yield,
and this becomes even more important at higher methane con-
version. Future work should focus on the influence of radial con-
centration profiles on the overall reactor performance.

Finally, it should be mentioned here that the membrane reac-
tor technology for the specific OCM application is far from a fea-
sible application to bigger scale systems. Hence, additional
efforts should be put on for the development of OCMmembrane
reactors to show, first at lab-scale, that the results achieved in the
simulations can be reproduced in long-term experiments.
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Figure 17. Calculated axial profiles of the methane conversion, C2þ selectivity, and C2þ yield for the permeate side of the fluidized bed membrane reactor:
A) overall reactor, B) separate bubble, and C) emulsion phase. Simulations at 800 �C and 2 bar, with 10% La2O3/CaO catalyst particles, with a CH4/O2

ratio of 1.5 and with the mass transfer coefficients multiplied by 100.
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