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SUMMARY 
 
In this thesis, a novel continuous flow alternative for the traditional semi-batch operation of 
emulsion (co)polymerization is presented. Industrial emulsion polymerizations are generally 
performed in large-scale batchwise operated stirred tank reactors. An important reason for this 
type of operation is the flexibility of the process, which allows the production of a large number of 
relatively small volume products in subsequent batches. Unfortunately, the large volume of the 
reactors, typically 10 to 50 m3, gives rise to severe heat transfer limitations because of the 
unfavorable surface to volume ratio. To keep the process under control, the reaction is generally 
slowed down by low feed rates of the reagents. Often batch-to-batch variations in the product 
properties are observed because of the sensitivity of the emulsion polymerization process to small 
changes in reaction conditions.  

As an alternative to semi-batch operation, a continuous process can result in improved 
product control. Furthermore, the productivity of the reactor is higher because of the absence of 
filling, heating, cooling and discharging operations. If a favorable surface to volume ratio is 
chosen, also the reaction period can be reduced considerably. The requirements of the emulsion 
polymerization process: good mixing, relatively long reaction times, limited residence time 
distribution and high final conversions, are not easily met by traditional continuous processes like 
a series of stirred tank reactors or a tubular reactor. 

A new type of packed tubular reactor was developed, the pulsed sieve plate column (PSPC). In 
the PSPC, the degree of local mixing is controlled independently from the net flow by the 
superposition of an oscillatory motion. Because of the good mixing at low net flow velocities, 
emulsion polymerizations can be performed in a relatively short reactor. Important advantages of 
the sieve plate internals, as compared to the previously used randomly stacked Raschig ring 
packing, are the absence of poorly mixed volumes and a much enhanced heat transfer to the 
reactor wall.  

A new modeling approach, using the stage wise mixing with backflow model, was used to 
directly predict the macroscopic flow patterns in the reactor from the sieve plate spacing, net flow 
velocity, pulsation frequency and pulsation stroke length. The model predictions have been 
verified by residence time distribution studies and are in good agreement with the experiments. 
To predict the conversion profiles for the seeded emulsion copolymerization of styrene and 
methyl acrylaat, a monomer-partitioning model and the copolymerization kinetics were 
implemented into the reactor model.  Good agreement between the experimental and model 
predicted conversion profile was obtained. In addition, the intermolecular chemical composition 
distribution of the latex product was predicted well by the model.  

The phase equilibria and reactivity ratios of the copolymerization of styrene and methyl 
acrylate were shown to be not sensitive to changes in reaction temperature by steady state 
measurements in a single continuous flow stirred tank reactor. Therefore, a single set of 
solubilities and reactivity ratios was used in the modeling of the emulsion copolymerization 
process. 

The performance of the novel pulsed sieve plate column was characterized with respect to 
heat transfer and residence time distribution. The excellent radial mixing results in very high 
partial heat transfer coefficients whereas the axial mixing remains limited. Depending on the 
pulsation velocity and the net flow velocity, plug flow can be closely approximated. 



  

To demonstrate the flexibility of the PSPC process, two very different reactions were 
performed: very fast, highly exothermal polystyrene seed latex productions and relatively slow 
seeded emulsion copolymerizations of styrene and methyl acrylate. The mean residence time 
varied from 20 minutes for the seed latex production to 100 minutes for the copolymerizations. 
In the seeded emulsion copolymerization experiments, side feeds to the column were used to 
control the intermolecular chemical composition distribution (CCD) of the final product. 

The seed latex production runs demonstrated that the continuous flow operation, the good 
heat transfer, the close approximation of plug flow and the easy exclusion of air from the PSPC 
reactor results in highly reproducible particle size distributions, even if styrene with inhibitor is 
used. Compared to semi-batch stirred tank operation, the temperature control in the PSPC reactor 
and the reproducibility of product properties are much improved. The negligible activity of the 
inhibitor in the absence of air is supported by an experimental study in a reaction calorimeter.  

With experimental emulsion copolymerization runs and model predictions, it was 
demonstrated that copolymers with a specific CCD can be produced very well in the PSPC reactor 
with the application of 3 to 10 side feeds of monomer. The backmixing of monomer from side 
feed streams has a considerable influence on the product CCD and has to be taken into account in 
the optimization of the process. Both the backmixing profiles of monomer as well as the influence 
of the backmixing on the product CCD are predicted well by the reactor model. 
 
The good performance of the PSPC for both the fast seed latex production and the relatively slow 
seeded emulsion copolymerization, each requiring very different operating conditions, 
demonstrates that a relatively small continuous flow PSPC process can be a well-controlled and 
flexible alternative for the large-scale semi-batch operation. Considerable process intensification 
can be attained. 



SAMENVATTING 
 
In dit proefschrift wordt een nieuw continu alternatief voor de traditionele semi-batchgewijze 
procesvoering voor emulsie(co)polymerisatie beschreven. Voor de industriële productie van latex 
worden vaak grote, batchgewijs bedreven, geroerde vaten gebruikt. Een belangrijke reden voor de 
keuze van de semi-batch procesvoering is dat het omschakelen naar de productie van een ander 
type latex eenvoudig is. Hierdoor kunnen veel verschillende producten, waar vaak maar een 
relatief kleine markt voor is, eenvoudig na elkaar in een enkele reactor geproduceerd worden. 
Echter, een belangrijk nadeel van deze productie methode is dat de grote schaal van de reactoren, 
met een inhoud van ongeveer 10 tot 50 m3, de snelle afvoer van reactie warmte belemmert door de 
ongunstige oppervlakte-volume verhouding. Om het proces in de hand te houden wordt de reactie 
meestal vertraagd door een geleidelijke voeding van de grondstoffen. Vaak variëren de 
producteigenschappen van verschillende batches door de gevoeligheid van het 
emulsiepolymerisatie proces voor kleine verstoringen in de reactiecondities. 

Als alternatief voor de semi-batchgewijze procesvoering kan het toepassen van een continue 
procesvoering resulteren in een sterk verbeterde beheersing van de producteigenschappen. Ook 
de productiviteit van de reactor is aanzienlijk hoger doordat de reactor niet steeds gevuld, 
opgewarmd, gekoeld en weer geleegd hoeft te worden. Wanneer bovendien een gunstige 
oppervlakte-volume verhouding gekozen wordt kan ook de benodigde reactietijd aanzienlijk 
beperkt worden. De eisen die het emulsiepolymerisatie proces stelt aan de reactor: goede 
menging, relatief lange verblijftijden, een beperkte verblijftijdspreiding en het behalen van hoge 
eindconversies kunnen niet makkelijk gerealiseerd worden in een traditioneel continu proces, 
zoals een cascade van continu doorstroomde geroerde vaten of een buisreactor. 

Een nieuw type gepakte buisreactor, de gepulseerde zeefplaat kolom (PSPC) is ontwikkeld. In 
de PSPC wordt de mate van locale menging onafhankelijk van de netto stroomsnelheid geregeld 
door de superpositie van een op- en neergaande  vloeistof beweging op de netto stroming. Door de 
goede mening bij lage netto vloeistofsnelheden kunnen emulsiepolymerisaties in een relatief 
korte reactor uitgevoerd worden. Belangrijke voordelen van de zeefplaat pakking ten opzichte van 
de voorheen gebruikte willekeurig gestapelde Raschig ring pakking, zijn de afwezigheid van 
slecht doorstroomde volumes en de sterk verbeterde warmte overdracht naar de reactor wand.  

Een nieuwe modelleringsaanpak, de toepassing van het trapsgewijze mengmodel met 
terugstroom, maakt een directe voorspelling van de stromingspatronen op reactorschaal mogelijk 
uit de afstand tussen de zeefplaten, de netto stroomsnelheid, de pulsatie frequentie en de pulsatie 
slaglengte. De voorspellingen van het model zijn geverifieerd met verblijftijdsspreidingsmetingen 
en komen goed overeen met de experimenten. Om de conversie profielen te kunnen voorspellen 
voor een met kiemlatex gevoede emulsiecopolymerisatie van styreen en methylacrylaat, werd een 
modelmatige beschrijving van de fasenevenwichten en de copolymerisatie kinitiek ingebracht in 
het fysisch reactormodel. De berekende en experimenteel gevonden conversies als functie van de 
axiale positie in de kolom komen goed overeen. Ook de intermoleculaire chemische 
samenstellingsverdeling (CCD) van de product latex wordt goed voorspeld. 

Metingen in de stationaire toestand in een continu doorstroomde geroerde tank reactor 
hebben laten zien dat de fasenevenwichten en de reactiviteitsverhoudingen bij de 
emulsiecopolymerisatie van styreen en methylacrylaat ongevoelig zijn voor veranderingen  van de 
reactie temperatuur. Hierdoor volstaat een enkele set van oplosbaarheden en 
reactiviteitsverhoudingen in de modellering van het emulsiecopolymerisatie proces. 



  

De eigenschappen van de nieuw ontwikkelde gepulseerde zeefplaat kolom zijn 
gekarakteriseerd wat betreft de warmte overdracht en de mate van verblijftijdspreiding. De goede 
radiale menging resulteert in zeer hoge partiele warmte overdrachtscoëfficiënten terwijl de axiale 
menging beperkt blijft. Afhankelijk van de gekozen pulsatie snelheid en de netto vloeistof 
snelheid, wordt propstroom goed tot zeer goed benaderd. 

Om de flexibiliteit van het PSPC proces aan te tonen zijn er twee zeer verschillende reacties 
uitgevoerd: een zeer snelle, zeer exotherme polystyreen kiemlatex productie alsmede een relatief 
langzame, met kiemlatex gevoede, emulsiecopolymerisatie van styreen en methylacrylaat. De 
gemiddelde verblijftijd varieerde van 20 minuten voor de kiemlatex productie tot 100 minuten 
voor de copolymerisatie experimenten. Bij de copolymerisatie experimenten werden zijvoedingen 
van monomeer gebruikt om de intermoleculaire chemische samenstellingsverdeling (CCD) van 
het eindproduct te beheersen.  

De kiemlatex productie experimenten lieten zien dat de continue procesvoering, de goede 
warmte overdracht, de goede benadering van propstroom en de eenvoudige uitsluiting van lucht 
in de PSPC reactor resulteert in zeer reproduceerbare deeltjesgrootteverdelingen, zelfs wanneer 
styreen met inhibitor gebruikt wordt. Vergeleken met een semi-batch proces zijn de temperatuur 
beheersing en de reproduceerbaarheid van de producteigenschappen sterk verbeterd. De 
verwaarloosbare activiteit van de inhibitor in afwezigheid van lucht wordt ondersteund door een 
experimentele studie in een reactiecalorimeter.  

De uitgevoerde emulsiecopolymerisatie experimenten met styreen en methylacrylaat en de 
model berekeningen laten zien dat copolymeren met een specifieke CCD zeer goed in de PSPC 
reactor kunnen worden geproduceerd wanneer gebruik wordt gemaakt van tussen de 3 en 10 
zijvoedingsstromen van monomeer. De terugmenging van monomeer afkomstig uit de 
zijvoedingen heeft een behoorlijke invloed op de CCD van het product en moet meegenomen 
worden in de optimalisatie van het proces. Zowel de terugmeng profielen van monomeer alsmede 
de invloed van de terugmenging op de CCD van het product worden goed voorspeld door het 
reactormodel. 

 
De goede prestatie van de PSPC voor zowel de snelle kiemlatex productie alsmede de relatief 
langzame emulsiecopolymerisatie, elk met een zeer verschillende bedrijfsvoering, laten zien dat 
een relatief kleine continu doorstroomde PSPC reactor een goed beheersbaar en flexibel 
alternatief kan zijn voor de grootschalige semi-batch bedreven geroerde tank reactor. Aanzienlijke 
proces intensificatie is mogelijk. 
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OUTLINE 
 
Process development for emulsion copolymerization in continuous flow reactors requires a 
description of sufficient complexity of the copolymerization kinetics, the distribution of the 
monomers over the three phases and the flow patterns in the reactor. In chapter 1 a short 
introduction on emulsion polymerization is given and the studied seeded emulsion 
copolymerization of styrene and methyl acrylate is described. A characteristic product property, 
the intermolecular chemical composition distribution (CCD), is chosen to compare the 
performance of different reactor types. 

The experimental methods and reactors used in the study are discussed in chapter 2. Special 
attention is given to the development work on the pulsed packed column, which was transformed 
into a pulsed sieve plate column (PSPC) reactor to improve the reliability and performance of the 
concept. 

At low to moderate polymer contents, the mixing time in the batch and continuously operated 
stirred tank reactor is much lower than the time of reaction and the reactors can be assumed to be 
ideally mixed, resulting in an easy description of the reactor. In the tubular pulsed sieve plate 
column reactor the good local mixing results in some axial mixing. In chapter 3 it is demonstrated 
that the reactor cannot be described using the idealized plug flow model. Axial mixing has to be 
taken into account, either by the plug flow with axial dispersion model, or by the stage-wise 
mixing with backflow model. Both models are shown to give an accurate description of the 
residence time distribution. The stage wise mixing with backflow model allows an easy calculation 
of the transient performance and is used in the modeling of emulsion copolymerization in the 
PSPC in chapter 6. Besides the residence time distribution also the emulsification and heat 
transfer performance of the PSPC are reported. 

The outcome of the particle nucleation process in emulsion polymerization is sensitive to 
small disturbances and therefore difficult to predict. Since the volumetric reaction rate is 
proportional to the particle concentration, variations in this parameter will result in major 
changes in the further course of the reaction. Often seed latex is used to set the particle 
concentration before the start of the reaction. This improves the reproducibility of the process and 
facilitates the modeling of the reaction. In chapter 4 it is shown that production of polystyrene 
seed latex in a batch process is difficult to control and that the atmosphere in the headspace of the 
reactor can result in batch-to-batch variations of the particle concentration. It is demonstrated that 
in the continuous flow PSPC reactor process control is much improved. Polystyrene seed latex 
with a highly reproducible particle concentration can be produced in a fast, well controlled and 
safe way. 

The use of seed latex in the feed of a continuous flow stirred tank (CSTR) emulsion 
copolymerization process results in stable steady state conversions and in the production of 
homogeneous copolymers. Chemical composition of the copolymer depends on the feed 
composition and the steady state conversion. In chapter 5, steady state measurements in a CSTR 
are used to experimentally establish the copolymer composition – conversion relationship at 
moderate and high reaction temperatures. It is shown that temperature has no effect on the 
copolymer composition – conversion relationship. Therefore, a single set of partitioning and 
reactivity parameters can be used to predict the chemical composition of the copolymer from 
phase equilibria and copolymerization kinetics over a wide temperature range. 



  

The ability of the PSPC process to produce specific types of heterogeneous copolymers is 
compared to the traditional semi-batch stirred tank reactor in chapter 6. It is demonstrated that 
the influence of the two most important parameters, the number of side feeds and the pulsation 
velocity, on the conversion profiles and the CCD can be described well by the combination of the 
emulsion copolymerization kinetics, phase equilibria and the stage-wise mixing with backflow 
model. Model predictions are used to estimate the required number of side feeds to the PSPC 
process to enable the production of some typical CCDs.  

In chapter 7 the newly developed PSPC process is evaluated for industrial application and 
some of the key advantages are indicated. In addition, the advantage of an empirical versus a 
detailed mechanistic modeling approach is discussed.  
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Abstract 

A general description of the seeded emulsion copolymerization 
of styrene and methyl acrylate is given. A model is discussed 
and its assumptions are motivated. The purpose of the model 
is to predict and control, through partitioning of the monomer 
feeds, the intermolecular chemical composition distribution 
(CCD) of a copolymer product in various reactor types.  

A special continuous flow tubular reactor, the pulsed sieve 
plate column (PSPC), can provide considerable process 
intensification compared to the nowadays widely applied large-
scale batch reactors. The residence time distribution and the 
limited number of feed points of the PSPC will change the 
required control strategy. 

The aim of the project is to develop strategies for product 
control in continuous flow reactors, the PSPC in specific. 
Production of specific heterogeneous CCDs is used as a test 
case. 



4 Chapter 1 

1.1 INTRODUCTION 
Emulsion polymerization is a widely applied process in industry, see section 1.2. However, despite 
the large production volume, most reactions are performed in large-scale semi-batch operated 
stirred tank reactors. In the development of a continuous alternative for emulsion 
copolymerization, a description of sufficient complexity of the distribution of the monomers over 
the three phases, the copolymerization kinetics and the flow patterns in the reactor is required. 
The models used to calculate the monomer partitioning and copolymerization kinetics are given 
in section 1.3. 

An important polymer property if a mixture of two or more monomers is used, the 
intermolecular chemical composition distribution (CCD), is determined by the monomer 
composition – conversion profile. By manipulation of the monomer composition – conversion 
profile, copolymers with different CCDs can be produced. A short overview of the used methods 
is given in section 1.4. 

In section 1.5 the use of continuous flow reactors for emulsion polymerization is discussed. 
Considerable process intensification can be obtained using continuous flow reactors, making 
them an interesting alternative to the traditional semi-batch process. Monomer composition 
control in these continuous reactors is different from a batch process because of residence time 
distribution and the limited number of monomer feed points. 

In section 1.6 the aim of the thesis is formulated; the development of strategies to control the 
product properties in continuous flow reactors. 

1.2 INDUSTRIAL SIGNIFICANCE OF EMULSION POLYMERIZATION 
Emulsion polymerization is a significant polymerization technique; of the estimated total annual 
polymer production of more than 108 tonnes in 1995, approximately 15% was produced by free 
radical emulsion polymerization [Gilbert, 1995]. The product of emulsion polymerization, a sub 
micron dispersion of polymer particles in water, can be applied as such in (latex) paints and 
adhesives. If emulsion polymerization is used for the production of engineering plastics or 
artificial rubber, the polymer is collected from the water phase. 

A specific advantage of the emulsion polymerization process, compared to other 
polymerization techniques, is the low viscosity of the continuous water phase. This results in an 
easy handling of the product and in relatively high heat transfer rates to the reactor wall. 
Furthermore, the segregated nature of the polymerization process, taking place in the individual 
particles, allows the production of high molecular mass polymers at considerably higher 
polymerization rates compared to bulk or solution polymerization. 

A drawback of using emulsion polymerization for the production of polymers is that some 
additives, e.g. emulsifier and initiator, can be difficult to remove and might affect the product 
properties in a negative way. Additionally, if the polymer is separated from the water phase, e.g. 
by precipitation, the effluent has to go through a costly wastewater treatment.  

1.3 EMULSION COPOLYMERIZATION 
Emulsion polymerization is a free radical polymerization in a heterogeneous reaction mixture. 
The continuous aqueous phase contains emulsifier micelles, monomer droplets with a size of 5 to 

10 µm and, after particle nucleation has occurred, polymer particles with a size in the order of 30 
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to 150 nm, see figure 1-1. Polymer particles are formed from monomer swollen emulsifier 
micelles at the start of the reaction [Harkins, 1947, Harkins, 1947, Harkins, 1945].  
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figure 1-1  Schematic representation of the emulsion polymerization mixture. It should be noted that 
the drawing is not scaled properly. 

Radicals formed in the aqueous phase from a water-soluble initiator react with dissolved 
monomer molecules until a surface-active radical has been formed [Gilbert, 1995]. If the 
propagating radical collides with a polymer particle, it enters and propagation continues inside the 
particle. Collision with a monomer droplet is also possible, but is unlikely because of the much 
smaller total surface area of the monomer droplets. Therefore, polymerization in the monomer 
droplets is usually negligible. If a second radical enters the particle, the high reactivity of the 
radicals and the small particle size results in an instantaneous termination reaction and the 
particle growth stops momentarily. In the ideal case, in which termination only occurs through 
entry of a second radical, the particle contains only one radical during half of the time and the 
average radical concentration in the particles is 0.5. If radical chain transfer to monomer or other 
small water-soluble molecules occurs, also radical exit is possible and the average radical 
concentration is reduced. If the particles become very large, or diffusion in the particles becomes 
slow, because of for example a high polymer fraction, the termination will not be instantaneous 
and the radical concentration in the particles can increase above a value of 0.5. 

1.3.1 CALCULATION OF REACTION RATE  

The use of very detailed mechanistic modeling in emulsion copolymerization helps in 
understanding the fundamental reaction steps, but is not very practical since most of the very 
large number of parameters are not known with sufficient accuracy [van Herk and German, 
1998]. In general, even in these first principles mechanistic models at least one parameter is 
adjusted to obtain a good overlap between the experimental data and the model “prediction”. 
Taking a more pragmatic approach, the emulsion copolymerization can also be described with a 
simple model with one fitted variable; the average growing radical concentration in the particles. 
This parameter can be fitted from runs at similar reaction conditions. 

The total monomer concentration and monomer composition in the particles depend on the 
phase equilibria and can be calculated from partitioning equations, see Appendix A. For 
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copolymerization, the average propagation rate coefficient can be calculated from the 
homopolymerization rate coefficients, the reactivity ratios and the monomer composition in the 
particles, see Appendix B. Using equation 1-1, the volumetric polymerization rate, Rp, can 
subsequently be calculated from the particle concentration in the aqueous phase, Np, the average 
propagation rate coefficient, <kp>, the average radical concentration in the particles, ñ, and the 
total monomer concentration in the particles [M]p,tot: 

Av

totp,pp
p N

[M]·~·k·N
R

n><
=  Eq. 1-1 

with Nav as Avogadro’s number. It can easily be calculated that the mass transfer resistance for 
monomer transport from the monomer droplets to the polymer particles is negligible for 
moderately water soluble monomers and that therefore monomer concentrations calculated for 
equilibrium conditions can be used in a reacting system. 

The particle concentration is an important parameter in the polymerization rate equation and 
also determines the rheological properties of the product latex to a large extent. Because the 
outcome of the particle nucleation stage in an ab-initio emulsion polymerization is rather 
uncertain, see chapter 4, this stage is often circumvented. Small latex particles, produced in a 
separate process, are often fed to the reactor to set the particle concentration. The use of seed latex 
results in reproducible rheological properties and a more accurate prediction of the course of the 
reaction. In all emulsion copolymerization experiments described in this thesis, seed latex was 
used. 

In principle the average radical concentration in the particles can be calculated by solving 
radical population balance equations [Ugelstad et.al., 1967]. The lack of accurate kinetic constants 
describing the radical absorption, desorption, termination and transfer kinetics, limits the value of 
detailed mechanistic modeling and therefore an empirical approach was used. The average radical 
concentration in the particles was fitted from batch experiments performed with a similar 
monomer composition, initiator concentration and reaction temperature. The seed latex that was 
used to set the particle concentration was from the same batch. The average radical concentration 
was fitted with a constant value throughout the entire course of the reaction. An important 
restriction of using a fitted value versus solving the radical population balance equations, is that 
no prediction is obtained for the molecular mass distribution of the (co)polymer product. 

In general, the instantaneous copolymer composition deviates from the free monomer 
composition at the locus of reaction because of the different monomer reactivities, expressed in 
monomer reactivity ratios. The instantaneous copolymer composition, Fi, is calculated from the 
local monomer composition in the particles using the penultimate model described in appendix 
B. The volumetric reaction rate of monomer i, Ri, is the product of the fraction of monomer i in 
the formed copolymer and the volumetric polymerization rate: 

pii R·FR −=   Eq. 1-2 

1.3.2 CHOICE OF A MODEL COPOLYMERIZATION SYSTEM 

To study the influence of composition drift on the composition control, a monomer pair was 
chosen with a large difference in reactivity ratios and water solubilities. The emulsion 
copolymerization of styrene and methyl acrylate is not representative for every copolymerization, 
but if control can be demonstrated for this system, any other system should be manageable. The 
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moderate water solubility of methyl acrylate compared to the poor water solubility of styrene 
results in a higher styrene fraction in the free monomer dissolved in the polymer particles 
compared to the overall fraction of styrene in the free monomer present in the reactor. In addition 
to the higher styrene fraction at the locus of reaction, the higher reactivity of styrene for largest 
part of the monomer composition range, results in an even higher fraction of styrene 
incorporated into the copolymer. The effect of the different reactivity and water solubility on the 
instantaneous copolymer composition are depicted in figure 1-2  
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figure 1-2  Instantaneous copolymer composition (FS) versus free monomer composition in the 
reactor (fS,r) for different monomer mass fractions; 0.05, 0.1, 0.25, 0.5 and 0.95 (bulk polymerization) 
at a polymer mass fraction of 0.05. Calculated using thermodynamic and kinetic expressions from 
appendix A and B. Reactivity ratios given by Schoonbrood were used. 
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figure 1-3  Seeded batch emulsion copolymerisation of styrene (Sty) and methyl acrylate (MA). Initial 
styrene fraction of 0.25 kmol/kmol, monomer fraction of 0.25 kg/kg. Left: conversion-time history. Right: 
Intermolecular chemical composition distribution calculated from partial conversion profiles  

In batch emulsion copolymerization of styrene and methyl acrylate, the instantaneous styrene 
fraction of the copolymer exceeds the styrene fraction of the free monomer in the reactor for 
almost the complete range of free styrene fractions. This difference is enhanced if the monomer 
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mass fraction is reduced. For a styrene fraction of 0.25 kmol/kmol in the free monomer, the 
difference between instantaneous copolymer composition and free monomer composition in the 
reactor is large. Strong composition drift occurs if a batch reaction is performed with an initial 
fraction of styrene of 0.25 kmol/kmol in the monomer feed, see figure 1-3. Styrene is depleted 
faster than methyl acrylate, resulting in a decrease of the styrene fraction in the free monomer in 
the reactor. The instantaneous copolymer composition follows that drift and decreases from 0.45 
to 0 kmol/kmol, resulting in a broad intermolecular chemical composition distribution (CCD). 

1.4 CONTROL OF CHEMICAL COMPOSITION DISTRIBUTION 
Properties of polymeric materials strongly depend on their molecular structure; e.g. molecular 
mass distribution and degree of branching and, in the case of copolymers, on the intermolecular 
chemical composition distribution (CCD) [Schoonbrood, 1994]. Schoonbrood demonstrated that 
material properties such as glass transition temperature, Youngs modulus and toughness are 
strongly related to the CCD. 

The CCD of a copolymer product is the result of variations in the monomer composition in 
the particles during the production process. It reflects the change in monomer composition due 
to composition drift or monomer feeds to the process. In batch operation, different methods can 
be applied to control the chemical composition distribution [Schoonbrood et.al., 1993]. The easiest 
method is to operate the reaction under starved conditions, i.e. to feed the monomers at a low rate 
to prevent accumulation of the less reactive monomer. Copolymer composition in that case equals 
feed composition and homogeneous (narrow CCD) or controlled heterogeneous (broad CCD) 
copolymers can be produced by manipulation of the feed composition. A disadvantage is the long 
reaction period due to low monomer concentrations and associated low polymerization rates. 
Since large-scale batch processes generally also require low polymerization rates because of their 
limited heat transfer capability, this is not necessarily a problem [Mayer et.al., 1994].  

An alternative method, reducing batch reaction time, is to start at high monomer 
concentration and further feed monomers to manipulate the monomer composition in the 
particles during the reaction. Much effort has been put into the production of homogeneous 
copolymers and different feed strategies have been developed [Arzamendi and Asua, 1989, Storti 
et.al., 1989, van den Boomen, 1997, Arzamendi and Asua, 1990, van Doremaele et.al., 1992, 
Schoonbrood et.al., 1993, Schoonbrood et.al., 1996a, Schoonbrood et.al., 1996b, Canegallo et.al., 
1994, Canu et.al., 1994, Asua et.al., 1995, Meuldijk et.al., 1995, Vicente et.al., 2001]. Strategies 
varied from pragmatic, requiring only limited data on the copolymer system to first principles 
mechanistic modeling.  

In all cases, the partitioning data and reactivity ratios have to be known to calculate the 
composition of the initial charge in order to start producing the copolymer with the desired 
composition. Using a partitioning model and the reactivity ratios, it is easy to calculate the feed 
profile of the more reactive monomer as a function of conversion that keeps the monomer 
composition in the particles constant. To translate this profile into an addition rate profile, the 
conversion-time history has to be known. Through a trial and error method this conversion profile 
can be determined for a specific recipe. In each iteration step the monomer addition rate profile is 
updated with the conversion profile obtained in the previous experiment until the addition profile 
as a function of conversion overlaps with the calculated one [Schoonbrood et.al., 1993, van 
Doremaele et.al., 1992]. The trial and error runs can in principle be eliminated by using on-line 
sensors to monitor (partial) conversion, e.g. reaction calorimetry, gas chromatography, 
densiometry, raman spectroscopy. [Vicente et.al., 2001, Galimberti et.al., 1998, van den Brink 
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et.al., 2001]. An additional advantage of on-line feed back control is that batch-to-batch variations 
in the conversion profile can be processed and the addition rate adapted accordingly. 

No accurate on-line sensors were available for the experimental studies reported in this thesis 
and the model described in section 1.3 was used to calculate reaction rates and to predict (partial) 
conversion. Monomer feeds to the reactor were used to manipulate the instantaneous monomer 
composition in the particles as a function of conversion.  

1.4.1 CHOICE OF HETEROGENEOUS CCDS 

As mentioned in the previous section, production of homogeneous copolymers in semi-batch 
emulsion copolymerization has been studied extensively. Also the production of homogeneous 
copolymers in continuous flow reactors has been investigated [Meuldijk et.al., 2001, van den 
Boomen et.al., 1999]. Although specific heterogeneous microstructures show improved 
mechanical properties [Schoonbrood, 1994], the production of copolymers with a predefined 
heterogeneous CCD has received little attention and only semi-batch operated stirred tanks were 
used. [de la Cal et.al., 1995, Echevarria et.al., 1995, Schoonbrood et.al., 1993].  

It is not clear which heterogeneous CCD results in the best polymer properties because the 
microstructure - mechanical properties relationship is not yet well understood. Without knowing 
the optimal CCD, a choice was made to investigate two extremes: a copolymer with a bimodal 
CCD and a copolymer with a block-shaped CCD, see figure 1-4. If these two distributions can be 
produced in a controlled way, the production of any other CCD should be possible since it can be 
composed through a combination of both methods. 

To produce a copolymer with a bimodal CCD, the monomer composition in the particles is 
kept at a certain value during the first part of the process, subsequently it is shifted 
instantaneously to another composition and kept at a constant value again. The conversion at 
which the step to the other composition is made determines the mass fractions of the two 
different types of copolymer chains. 

In order to produce a copolymer with a block-shaped CCD, the monomer composition has to 
drift with conversion at a certain rate from the low or high styrene fraction to the opposite end of 
the distribution. 
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figure 1-4  Example of specific heterogeneous intermolecular chemical composition distributions 
(CCD). The relative amount of copolymer with a certain chemical composition is plotted as a function 
of copolymer composition (FS). Left: bimodal CCD, right: block-shaped CCD. 
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1.5 CONTINUOUS FLOW REACTORS 
Most industrial latex production processes use large-scale semi-batch reactors. An important 
reason is the flexibility of this type of reactor to produce a large number of different products. 
Moreover, the sensitivity of the nucleation stage in emulsion polymerization to residence time 
distribution, which is in general encountered in continuous flow reactors, makes the use of a 
continuous process difficult. An important exception is the production of styrene-butadiene 
rubber (SBR), which is often performed in a series of large-scale continuous flow stirred reactors 
(CSTR). The high product volume and the low desired final conversion of SBR process are 
important factors that make the use of a series of CSTRs possible. Most emulsion polymerization 
products, however, are produced in smaller volumes and also require high final conversions, 
making the series of CSTRs a poor continuous alternative to the batch reactor.  

A major disadvantage of the widely applied large-scale batch reactor is that the heat transfer 
area is limited. In general, the reaction has to be slowed down to obtain an acceptable heat 
production rate, resulting in long reaction periods. Another important disadvantage of batch 
operation is that there are long inactive periods due to filling, heating, cooling and discharging 
operations. Also the large amount of heat released by the polymerization is not easily stored. 
Therefore the energy cannot be used to heat-up the reaction mixture of the next batch cycle. 

Considerable process intensification can be achieved by transferring the batch process to a 
continuous flow reactor with a favorable surface-to-volume ratio. Reduction of the heat transfer 
limitation allows higher polymerization rates and results in a shorter reaction period. The shorter 
reaction period and the elimination of the waiting periods result in a considerable reduction of 
required reactor volume for an equivalent production capacity. In steady state operation the heat 
released by reaction can be easily transferred to the feed streams to the reactor and the operation 
will be more energy efficient. The steady state operation also results in improved control and, 
together with the smaller reaction volume, in a much safer operation. 

A frequently applied continuous flow alternative to the series of CSTRs; the turbulent flow 
tubular reactor has the favorable surface-to-volume ratio. However, the long mean residence time 
needed for a typical emulsion polymerization process requires a very long, thin reactor, especially 
if the viscosity of the reaction mixture increases, see figure 1-5. Even at a moderate viscosity of 35 
mPa·s, the frictional pressure drop is unrealistically high if the reactor is designed to operate in 
the turbulent flow regime. Another drawback of this type of reactor is that, once it has been 
designed for a process with a certain mean residence time and viscosity, it is difficult to use it for 
a different feed recipe. It cannot provide the flexibility needed for producing a large number of 
different grades. 

Using a turbulent flow tubular reactor for emulsion polymerization clearly is not feasible. If 
the reactor is operated in the laminar flow regime, reactor length can be reduced considerably. 
Acceptable reactor lengths and frictional pressure drops might be achieved. In the laminar flow 
regime, however, radial heat and mass transfer is poor and monomer phase separation might 
occur. Also the residence time distribution will broaden considerably, resulting in a reduced 
performance in terms of conversion and particle concentration. The poor mixing can result in 
polymer build up and eventually plugging of the reactor, as observed by Paquet [Paquet and Ray, 
1994]. 
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figure 1-5  Required reactor diameter ( ), reactor length ( ) and total frictional pressure ( ) drop for 
an emulsion polymerization requiring 2 hours mean residence time as function of the liquid viscosity 
for a traditional tubular reactor operating at a Reynolds number of 2100 and a production rate of 4.2 
m3 hour-1. 

A tubular alternative in which the mixing is obtained independently from the net flow through 
the superposition of an oscillatory motion on the liquid in the reactor, allows the use of low net 
flow velocities without compromising the mixing. The high, continuously reversing, pulsation 
velocity results in an enhanced local mixing intensity. The concept has been applied to emulsion 
polymerization as early as 1943 [Faragher et.al., 1949], but has not been used commercially. It is 
uncertain whether the use of an oscillation alone is sufficient to get good radial mixing. 
Hoedemakers was able to increase local mixing by placing a packing material in the tubular 
reactor and polymer latex was produced successfully [Hoedemakers et.al., 1988]. The irregularly 
stacked Raschig rings in the Pulsed Packed Column (PPC) used by Hoedemakers contained 
poorly mixed volume elements in which polymer build up occurs. To solve this problem, in this 
thesis novel sieve plate internals were developed, see chapter 2. The near plug flow performance 
and the much-enhanced partial heat transfer coefficients compared to the Raschig ring packing 
make the pulsed (oscillatory) flow sieve-plate column reactor (PSPC) well suited for emulsion 
polymerization, as is demonstrated in chapter 3. 

An important difference between a batch reactor, a series of CSTRs, a traditional turbulent 
flow tubular reactor (PFR) and the pulsed sieve plate column is the residence time distribution 
(RTD) behavior. In a PFR the RTD is very narrow, in a PSPC it depends on the pulsation 
conditions, but the RTD is in general narrow and in a series of CSTRs it is broad. The RTD in the 
PPC was modeled using the plug flow with axial dispersion model by Hoedemakers and Mayer to 
predict steady state particle concentration and conversion profiles [Hoedemakers, 1990, Mayer 
et.al., 1996]. In the case of copolymerization, backmixing also influences free monomer 
composition profiles and thereby the CCD of the final product. Backmixing was not considered in 
the design of a pulsed packed column process to produce a homogeneous copolymer [van den 
Boomen et.al., 1999]. Van den Boomen used a detailed mechanistic batch emulsion 
copolymerization model to predict the required monomer feeds and subsequently translated the 
time dependent feeds in semi-batch operation into continuous feeds at certain axial positions 
without taking backmixing into account.  
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In this thesis the RTD in the PSPC is described using the stage-wise mixing with backflow 

model, which is the discrete equivalent of the plug flow with axial dispersion model as shown in 
chapter 3. The stage-wise mixing with backflow model enables the dynamic modeling of the 
PSPC. In combination with the simple emulsion polymerization model described in section 1.3.1 
it can be used to predict the product CCDs from recipe and operational parameters. 

Residence time distribution reduces concentration gradients and consequently also results in 
a reduction in the free monomer composition gradients. In a reactor that is fully backmixed, e.g. a 
single CSTR, the concentration gradient is absent and only homogeneous copolymers can be 
produced. Compared to a batch process, the limited backmixing in the PSPC reduces composition 
drift to some extent, but it will not be absent altogether. 

In a semi-batch emulsion polymerization process the free monomer composition can be 
controlled using an appropriate continuous monomer addition profile and in principle any CCD 
can be obtained [Schoonbrood et.al., 1993]. In a series of CSTRs the number of monomer feeds is 
limited to the number of reactors and, if the train is operated in steady state, the resulting CCD is 
the sum of multiple homogeneous CCDs produced in the individual reactors. The number of 
feeds to a tubular reactor is in principle unlimited. If a large number of feeds is used, the 
monomer composition can be controlled accurately over the full length of the reactor. In practice, 
however, the number of feeds will be limited and some controllability is lost. 

1.6 AIM OF THE PROJECT 
Continuous flow reactors are very interesting for process intensification, but it is not clear if they 
can offer sufficient flexibility in control of polymer properties. The aim of the thesis is to 
investigate if, and how, polymers with specific properties can be produced in a continuous 
process. 

An important property of copolymers, the intermolecular chemical composition distribution 
(CCD), has been selected for detailed study because it is sensitive to control strategy and mode of 
operation and furthermore can be studied in detail experimentally using gradient polymer elution 
chromatography. Production of copolymers with a predefined heterogeneous CCD in continuous 
flow reactors is attempted and compared with the performance of a semi-batch operated stirred 
tank reactor. It should be noted that it is not the aim of this thesis to determine which CCD 
results in the best polymer properties.  
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Abstract 

The transformation of the pulsed packed column (PPC) into a 
pulsed sieve plate column (PSPC) is motivated and the new 
PSPC is described in detail.  

A specification of reactor equipment, experimental procedures 
and analysis methods used in the batch and continuous flow 
emulsion copolymerization experiments is given. 
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2.1 INTRODUCTION 
The pulsed packed column set-up as used by Hoedemakers [Hoedemakers, 1990], Mayer [Mayer, 
1995] and van den Boomen [van den Boomen, 1997] was modified to improve safety, reliability 
and performance. The design of the new reactor, internals, pulsator, dampener and pressure 
control unit are presented in section 2.2. The reactors used for batch and continuous flow stirred 
tank operation are standard vessels and their geometry is described in section 2.3.  

To characterize the performance of the newly designed pulsed sieve plate column (PSPC), 
residence time distribution measurements, heat transfer measurements and emulsification 
experiments were performed. The used methods are specified in sections 2.4, 2.5 and 2.6. 

In all emulsion copolymerization experiments seed latex was used to fix the number of 
particles in advance. A novel production method for seed latex at a higher temperature using the 
PSPC was introduced that makes dialysis of the seed latex after reaction superfluous. 
Experimental details are reported in section 2.7. Some general procedures for the emulsion 
copolymerization experiments are given in section 2.8, more specific information is collected in 
the experimental sections of the chapters. 

Standard methods were used to determine (partial) conversion and particle size. A special 
method, gradient polymer elution chromatography (GPEC) was applied to determine the 
intermolecular chemical composition distribution of the copolymers produced in the emulsion 
copolymerization reactions. The analysis methods are described in section 2.9. 
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2.2 REDESIGN OF THE PPC 
The principle of using pulsed (oscillatory) flow for emulsion polymerization in a tubular reactor 
has been established by Hoedemakers [Hoedemakers et.al., 1988] using a glass column filled with 
randomly stacked Raschig rings and a piston-type pulsator. Although this reactor configuration 
was adequate for proving the principle, it had shortcomings that prevented continuous long-term 
operation. Fouling occurred in the dead space of Raschig rings positioned near the wall. 
Furthermore, the desire to monitor and control the column at multiple points along the reactor 
was difficult to realize in a safe way with the glass column set-up. To overcome these problems, it 
was decided to design a new stainless steel column and a new stainless steel structured packing 
that evolved in a set of sieve plates. Further important process improvements include the use of a 
diaphragm pulsator unit instead of the piston-type pulsator, the use of a diaphragm dampener 
unit at the top of the column, the addition of a pressure control unit to allow operation at elevated 
pressures and the modification of the circulation thermostats to extend the reaction temperature 
range from 50° to 85°C. 

2.2.1 PPC FLOW CHART 

The basic flow chart remained unaltered and is shown in figure 2-1. Water containing emulsifier 
and, in some experiments, seed latex is fed to a premixing vessel where it is intensely mixed with 
monomer. High-pressure plunger type metering pumps provide a constant flow, irrespective of 
the fluctuating downstream pressures. The mixture is heated to reaction temperature and enters 
the column at the bottom.  
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figure 2-1  Pulsed Packed Column flow chart: storage vessels for respectively initiator solution (1), 
aqueous phase (2) and monomers (3, 8, 9, 10). (4) (5), (6), (7), (11), (12) represent premixer, preheater, 
pulsation pump, column and product stream and pulsation dampener, respectively. 

A modified diaphragm pump provides pulsation of the liquid in the column. To prevent cavitation 
or degassing of the reaction mixture in the column, possibly induced by the pulsation, the column 
was operated at an elevated absolute pressure of approximately 2.7 bars using a pressure control 
unit in the outlet. Product latex leaves the column at the top after which it is cooled and 
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subsequently depressurized. Additional components can be fed at different axial positions of the 
column by connecting flexible Teflon type tubing to one of the 35 fittings. The number of 
additional-feed pumps available, four in our case, limits the total number of feeds.  

The maximum flow rate of the main feed pumps does not allow mean residence times of less 
than 20 minutes. No maximum mean residence time exists in principle, but from residence time 
distribution considerations two hours seems to be an upper limit. Temperatures are measured at 
the end of each segment inside the column and are kept at the set point value by feed back control 
of the jacket temperature using a PID controller.   

2.2.2 REACTOR 

The glass reactor used by Hoedemakers [Hoedemakers, 1990] had only a limited number of 
sample and feed points at stainless steel flanges in between the 5 reactor segments of 1 meter 
each. To study the performance of the reactor in more detail, glass taps were added [van den 
Boomen, 1997] every 20 cm through holes in the jacketed glass tubes using rubber packings. This 
glass reactor was used initially in this project too, but was replaced by a stainless steel one to 
improve heat transfer, safety and to allow a larger number of sampling and feeding points. 

The new stainless steel reactor is geometrically very similar to the earlier used glass reactor. It 
consists of five identical double walled segments that can be bolted onto each other. A drawing of 
a reactor segment is shown in figure 2-2. Tap and feed points are available every 20 cm and the 
dead volume in the tap and feed points has been reduced to a minimum. The thick reactor wall 
allows safe operation up to pressures of more than 10 bar, giving it a much broader application 
range. High quality stainless steel, type 316L, was used for construction and the inside of the 
reactor was polished to give a very smooth surface. To allow visual observations glass viewing 
windows were provided in the form of thick walled glass cylinders placed in between the separate 
segments. 

Flange
Feed/tap 

point
 

figure 2-2  Drawing of a segment of the jacketed stainless steel reactor. Segment length: 0.95 m, 
diameter: 0.0497 m, distance between feed/tap points: 0.2 m. Flanges have additional bores for 
fitting temperature and pressure probes. 

Special designed Teflon packings were used for the glass-column couplings and other fittings. 
These packings provide sealing insensitive to degradation by monomer. 

2.2.3 PACKING 

The concept for using the pulsed packed column (PPC) as an emulsion polymerization reactor 
originates from its application as a counter current liquid-liquid extraction column. In such an 
extraction column, the net flow velocity of the two liquid phases is generally too low to keep the 
phases dispersed and, apart from adding a packing material to generate mixing, also an axial 
oscillation/pulsation of the total liquid volume is applied. This pulsation is an important 
operational parameter in controlling the droplet size and the hold-up of the dispersed phase. 
Besides generating sufficient local mixing for good mass transfer, the packing also redistributes 
the liquid radially and prevents short-circuiting. The type of packing or internals is important 
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since it determines, together with the applied frequency and amplitude of oscillation, the droplet 
size of the dispersed phase and the axial mixing in the column. Different types of internals can be 
used for this purpose. Dumped Raschig ring packing and sieve plate internals are frequently 
applied [Chantry et.al., 1955], the latter also for liquid-solid extraction pulsating columns. 

Realizing that the decoupling of intense local mixing from net flow is of key importance for a 
tubular emulsion polymerization reactor, the research into the application of the PPC for 
emulsion polymerization at Eindhoven University was started in cooperation with DSM Research 
in 1985. Feeding water, emulsifier initiator and monomer at the bottom of the column and 
applying sufficient pulsation to keep the monomer emulsified, polymer latex could be produced. 
Mainly, a randomly stacked glass Raschig ring packing was used, although also stainless steel 
Sulzer SMV DN-50 internals, consisting of welded corrugated sheets, were tested [Hoedemakers, 
1990]. The Sulzer internals resulted in an improved plug flow behavior, but generated less local 
mixing. The weld points were also sensitive to corrosion by the initiator. Glass Raschig rings 
provided a more intense mixing, however, fouling occurred in small poorly mixed volumes. These 
poorly mixed volumes are not of importance for the use of the column for liquid-liquid extraction 
since the increased residence time of only a very small number of fluid elements reduces the 
performance only marginally. 

In emulsion polymerization experiments it was noticed that in Raschig rings with their 
opening perpendicular to the net flow direction macroscopic phase separation of monomer 
occurred. The large monomer droplet was slowly converted into polymer and started to fill the 
volume of the Raschig ring. This polymer lump can absorb monomer from the continuous phase 
and continue to grow and will eventually block the column. Due to the limited volume of storage 
tanks no experiments running for more than 12 hours could be performed and within this period 
no clogging of the column occurred. In addition to possible fouling problems, the Raschig rings 
were sensitive to abrasion from the oscillatory motion of the liquid. Because of the breaking and 
grinding of the rings the packed bed had to be replenished with new packing after a couple of 
experiments. The grinded glass ended up at the bottom of the column where it acted as scouring-
sand and damaged the cylinder and plunger that provided the oscillation. As a result the plunger 
would get stuck and seals had to be replaced often. 

The fouling and grinding problem caused a lot of experimental difficulties and hampered 
long-term operation of the column. To solve these problems, a stainless steel sieve plate packing 
was designed to eliminate poorly mixed volumes, provide easy assembly and allow maintenance 
free operation. Sieve plate spacing was kept unconventionally low to minimize axial mixing and to 
provide sufficient local mixing at limited pulsation velocities. The hole size was small compared to 
the sieve plate spacing to prevent channeling and the total free area was designed by calculations 
as to give sufficient energy dissipation at moderate pulsation conditions. A drawing of the sieve 
plates inside the column and a picture of their assembly on a shaft are shown in figure 2-3. 

Special care was taken to avoid poorly mixed volumes near the reactor wall and an annular 
spacing of 0.8 mm was provided. The holes in the plate do not have a traditional pitch; the holes 
are placed on concentric circles to prevent variations in the local porosity near the wall that could 
result in liquid maldistribution. The plates were slipped onto a 10 mm shaft. Short pieces of 
stainless steel tubing with an outer diameter of 12 mm placed in between the plates determine the 
plate spacing at 9 mm. Two larger sieve plates that fitted in the flanges of the reactor segment 
were used to suspend the shaft with the plates mounted on it in the reactor segment. 



18 Chapter 2 

 
figure 2-3  Left: Scaled drawing of the used sieve plate internals and their orientation in the column. 
Column diameter: 49.7 mm, wall thickness: 3.5 mm. Sieve plate diameter: 47.5 mm, spacing: 9 mm, 
thickness: 1 mm, hole size 3mm, number of holes: 83. Thickness of the central shaft including spacers: 
12 mm. Right: Orientation of the sieve plates on the shaft. 

2.2.4 PULSATOR 

Piston type pulsators are often used in oscillatory flow mixing studies [Stonestreet et.al., 1999]. 
Also in the set-up used by Hoedemakers, Mayer and van den Boomen a piston type of pulsator 

was used. The seal between the stainless steel plunger and cylinder was provided by two Viton 

or Kalrez O-rings. Unfortunately the chemical resistance of these elastomers is insufficient and 
the rings often had to be replaced. Also the deposition of polymer on the cylinder wall and the 
presence of small glass pieces from broken packing elements caused the plunger to jam 
frequently.  

Since flexible diaphragms are applied successfully as an alternative to plungers in liquid 
displacement pumps, it was decided to test the performance of such a diaphragm in transmitting 
the pulse. A commercial Iwaki LK 52 diaphragm pump was modified by taking the pump head off 
and replacing it by a special designed flange. The pump was tilted 90 degrees to allow a direct 
vertical placement of the column segments on top of it. 

 
figure 2-4 Left: modified Iwaki LK-B54 diaphragm pump with the first segment mounted on it. 
Right: EPDM-Teflon diaphragm and custom built pump head flange. 
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This configuration was very successful and no further jamming or leakage problems have 
occurred since. The used diaphragm has a diameter of 100 mm and is made of EPDM rubber 
covered with a thin layer of Teflon to ensure sufficient chemical resistance. A metal disk, molded 
into the rubber, transmits the up and down motion of the driving shaft to the diaphragm. A 
picture of the diaphragm pump and diaphragm is shown in figure 2-4. 

The driving shaft follows the contours of an eccentrically mounted wheel and the eccentric 
distance determines the maximum amplitude of the diaphragm displacement. Like for all liquid 
displacement pumps, the axial displacement of the diaphragm can be reduced by elevating its rest 
position. As a result, the diaphragm moves only that part of the time when the eccentric lifts it 
above the rest position. A schematic drawing is shown in figure 2-5. 

In the used drive, two eccentric wheels are mounted to get an even load on the shaft. A worm, 
connected to an electrical motor, drives the worm wheel mounted in between the two eccentric 
wheels. It reduces the nominal rotational frequency of the motor of 3000 rpm, to approximately 
3.2 Hz on the eccentric. The rotational frequency of the three-phase motor can be reduced 
gradually by a Siemens Micromaster inverter unit to approximately 1000 rpm. To increase the 
operational static pressure range in the column, the LK–52 pump was later replaced by a more 
powerful LK–B54 pump. The working principle as well as the diaphragm size remained the same. 
The maximum stroke length in the column containing internals increased from 41.6 to 47.7 mm 
because of the somewhat larger eccentric wheel. Also the power of the electrical motor increased 
from 0.25 kW to 1.1 kW, allowing the unit to operate high stroke lengths at reduced frequencies 
without too much variation of the rotational frequency over a stroke cycle. 
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figure 2-5  Working principle of the used liquid displacement pump. 1: eccentrically mounted wheel 
acting as a cam. 2:  worm-wheel, turning at 1.3 to 3.2 Hz. 3: worm, connected to electric motor, 
turning at 20 to 50 Hz. 4: cam follower, connected to the diaphragm. 5: adjustable stop to restrict 
axial movement of cam follower. 6: bearings. 7: Spring, to force the cam follower on the eccentric 
wheel or stop during down stroke. 
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On the upstroke, the unit has to perform work to compress the spring, to accelerate the liquid in 
the upward direction and to increase its gravitational energy. During the down stroke, energy is 
returned from the spring load and the gravitational force onto the liquid in the column. Because 
the unit has to deliver energy during the upstroke only, the rotational velocity of the drive is not 
constant. To monitor the variation in the rotational velocity, a strip containing 6 equidistant 
grooves was placed on the circumference of the fan of the motor. An inductivity probe monitored 
the passage of the grooves and triggered a counter to measure the period. The period was 
subsequently converted into a momentary rotational frequency. The 90 data points collected 
during each oscillation cycle give an accurate description of the motion. Examples are plotted in 
figure 2-1 for maximum frequency and four different stroke lengths. 

The rotational deceleration at maximum stroke length is limited to 10% of the idle speed of 
the motor only.  At normal operating conditions, using a stroke length of 5 to 20 mm, the 
rotational velocity of the eccentric wheels is rapidly transferred to axial motion of the liquid in the 
column when the cam picks up the cam follower. As a result, the liquid is accelerated very quickly 
and the upward velocity increases from zero to a new value almost instantly. Under the 
assumption that the motor runs at a constant speed and that the deformation of the diaphragm 
during the upward motion can be neglected, the instantaneous velocity of the liquid in the 
column can be calculated from the motion of the pulsator. In figure 2-7 the velocity profile is 
plotted for several stroke length (s) and stroke frequency (f) combinations that have an identical 
pulsation velocity, defined as s·f. From the graph it is clear that this pulsation velocity has no 
direct relation with the (peak) velocities during the cycle. It is only a measure for the axial 
displacement in a certain time interval. 
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figure 2-6  Rotational frequency of the motor of the LK-B54 diaphragm pump during a period of one 
second for four different stroke lengths. Static pressure on the diaphragm: 3.2 bar. 
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figure 2-7  Influence of stroke length on peak velocity at equal time averaged displacement  
(s·f =20 mm/s) for a pulsator constructed from a liquid displacement pump neglecting inertial and 
deformation effects. 

It is important to note that at constant s·f, higher peak velocities can be obtained by using a large 
number of limited axial displacements compared to a small number of large axial displacements. 
This is very different from the effect of stroke length on the velocity profile if a fixed cam 
arrangement is used. Examples of the velocity profile in a fixed cam arrangement are plotted in 
figure 2-8. Here the maximum velocity during the cycle equals the maximum of the sinusoidal 

velocity profile, π·s·f, at all pulsation conditions. 

0.0 0.2 0.4 0.6 0.8 1.0

-0.4

-0.2

0.0

0.2

0.4

 

Ve
lo

ci
ty

 [m
/s

]

Time [s]

s · f = 20 mm/s

 s = 5  mm, 
f = 4 Hz

 s = 10 mm, 
f = 2 Hz

 s = 20 mm, 
f = 1 Hz

 s = 48 mm, 
f = 0.5 Hz

 
figure 2-8  Influence stroke length on peak velocity at equal time averaged displacement  
(s·f =20 mm/s) for a fixed cam pulsator. Different stroke lengths can be obtained by changing the 
length of the arm. 

The piston pulsator used by Hoedemakers and Mayer was driven by a plunger pump and had a 
similar stroke length dependence as shown in figure 2-7. However, an important difference is that 
the maximum stroke length of this unit was 15 mm only. This is much lower compared to the new 
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diaphragm unit and, at a commonly used stroke length of approximately 10 mm, it more closely 
resembles the sine profile plotted in figure 2-8. 

2.2.5 DAMPENING UNIT 

The oscillatory motion provided by the pulsator has to be absorbed at the other end of the column. 
A solution often applied is to connect the outlet to a pulsator moving exactly 180° out of phase 
[Stonestreet and van der Veeken, 1999] or to use a double acting reciprocating pump with the in- 
and outlet of the reactor connected to either side [van Dijck, 1935, Faragher et.al., 1949]. In our 
case, the column consisted of five straight segments and the aforementioned solution was not 
feasible. First, a passive dampener, a gas chamber at the top of the column was used. This 
configuration was similar to the one used by Mayer [Mayer et.al., 1996]. Because the gas-latex 
interface was continuously refreshed whilst the latex was at an elevated temperature, serious 
fouling occurred. To eliminate the gas-latex interface, a spring-loaded Teflon diaphragm was 
placed on top of the column. With this configuration no fouling was observed. However, in 
practice it appeared to be difficult to match the spring load to various operating pressures in the 
column. Therefore the spring load on the diaphragm was replaced by a gas chamber on the 
outside of the diaphragm, which allowed a more flexible pressure compensation, see figure 2-9. 

2.2.6 PRESSURE CONTROL 

To prevent degassing or cavitation of the liquid moving up and down the column at high 
velocities, especially during the downward stroke of the diaphragm, the column was pressurized 
at approximately 2.7 bar absolute pressure at the top.  
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figure 2-9  Dampening and pressure control unit at the outlet of the PSPC. The chamber on the 
column is pressurized with gas. Gas is separated from the latex by a diaphragm. After the latex is 
cooled down it enters a vessel that has been pressurized with Argon. Pressure in the vessel is kept 
constant by releasing latex through an on/off valve. 

At first, it was attempted to control this pressure by placing a simple metering valve in the outlet. 
It appeared to be very difficult to get a constant flow rate because of fouling problems. Also the 
use of a spring loaded non-return valve, as well as a mechanical backpressure regulator resulted in 
fouling after a short period of operation with latex. Since the fouling was believed to be the result 
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of the sudden pressure release and subsequent degassing, it was decided to first cool the latex to 
room temperature, apply a pressurized buffer tank to reduce pressure fluctuations at the outlet 
and finally release the latex to ambient pressure through a pneumatic on-off valve, regulated to 
keep the pressure in the buffer tank constant. A schematic description is given in figure 2-9. This 
configuration proved to be successful in multiple high temperature latex production runs and no 
fouling problems were observed. 

2.3 STIRRED TANK EQUIPMENT 
Semi-batch and continuous flow stirred tank experiments were performed in 2.4 dm3 stainless 
steel jacketed reaction vessels, see figure 2-10. The vessels were equipped with four baffles and a 
six bladed turbine impeller with a diameter of 0.33 times the tank diameter and rotating at 
approximately 10 Hz. The reactor has a diameter of 133 mm and a height of 172 mm. In batch 
operation, the stirrer was positioned in the center of the liquid, 66 mm above the bottom of the 
reactor. In continuous flow operation, the stirrer was positioned 86 mm above the bottom.  
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figure 2-10  Configuration of Batch and CSTR reactors. In the batch reactor (left figure), the fill height 
(H) was approximately equal to the reactor diameter D and the stirrer was placed in the middle of the 
liquid. In the CSTR, the fill level was larger than the reactor diameter and the stirrer was elevated to 
the center of the reactor. 

Temperature was measured near the impeller tip using a Pt-100 probe. Temperature was kept at 
the desired value by manual (batch mode) or automated PID (continuous mode) adjustment of 
the temperature of the circulation heater/cooler. A small Argon flow was sent through the 
magnetic stirrer coupling to keep it free from latex. 

In continuous flow experiments, plunger type reciprocating pumps provided a stable low flow 
of the water phase, monomer and initiator solution irrespective of downstream pressures. 
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figure 2-11  CSTR flow chart: storage vessels for respectively initiator solution (1), seed latex (2) and 
monomers (3, 7). To emulsify monomer and water the feeds are passed through a premixer (4) and 
enter the first tank (5) through the bottom. Product leaves the reactor through the top and is passed to 
the subsequent tanks, if any  (6) before it is transferred to a product tank (8). 

The flow rates were set by adjusting the stroke lengths of the feed pumps and checked regularly 
by calibration tubes. A schematic diagram of the continuous flow stirred tank operation is shown 
in figure 2-11. The flow chart shows a series of two stirred tanks, although often only a single tank 
was used. 

2.3.1 REACTION CALORIMETER 

The RC1e HP60 reaction calorimeter of Mettler Toledo is an automated type (semi-)batch reactor 
with an excellent temperature control and the possibility to monitor the reaction rate by 
measuring the released reaction heat. The RC1 was used to monitor the reaction rate of some fast 
seed latex polymerizations and for controlled addition experiments in the production of specific 
copolymers. 

The height of the stainless steel reactor exceeded the diameter by a factor of approximately 
two. No baffles were present, but vortex formation was impaired by the presence of two inserts; a 
rather thick temperature probe and a calibration heater. A pitch blade down flow impeller with a 
diameter of 0.47 times the reactor diameter, positioned in the center of the fluid was operated at 
6.7 Hz. The cover of the reactor was heated separately and kept 2°C above the reactor temperature 
by a feed back control loop to prevent heat losses through condensation. 

The different reactor geometry compared to the other stirred tank reactors is not expected to 
have been of much influence since all reactors were operated at conditions guaranteeing 
sufficient emulsification [Kemmere, 1999] and should obey intrinsic kinetics. The recipes 
resulted in stable latices that were not sensitive to coagulation and only very limited fouling on the 
stirrer and inserts was observed. 

2.4 RESIDENCE TIME DISTRIBUTION MEASUREMENTS 
A tracer measuring probe was inserted in the PSPC at a fixed position. An inert water-soluble 
tracer component was injected at a position upstream in case of a pulse response measurement, 
or fed continuously at a position downstream, in case of a backmixing measurement. A salt or a 
dye were used as tracer. The tracer components were detected with conductivity and UV-VIS 
probes respectively. 
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2.4.1 CONDUCTIVITY METHOD 

For the pulse response measurements, a volume of 2 ml of an aqueous 1 wt% potassium chloride 
(KCl) solution was injected into the center of the column by means of a syringe. Injections were 
made quickly and the duration of injection, approximately one second, can be considered 
negligible with respect to the mean residence time over the test section. A Consort S216T small 
diameter conductivity cell was used for in-line detection. It was connected to a Consort K611 
conductivity meter, linked to a personal computer through a RS232 interface. An in-house written 
computer program was used to register the conductivity, temperature and time at intervals of 
approximately 10 seconds.  

Unfortunately the physical linking to a personal computer caused small currents that 
disturbed the conductivity measurement at low concentrations. Sometimes an absence of 
conductivity was measured for pure demineralized water, whereas conductivity of approximately 

0.05 µS/m should be found. To overcome these problems a low salt concentration was used in the 
feed and an “in place” calibration of the probe was performed by measuring the conductivity of 
several known KCl solutions at different pulsation conditions.  
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figure 2-12  Calibration of the conductivity cell in an isolated solution in a stirred beaker in a solution 
in the PPC, the last in absence of pulsation and at two different pulsation conditions 

For each pulsation condition, a different calibration curve was prepared since it was observed that 
the measured conductivity changed with the pulsation velocity. Examples of the curves are shown 
in figure 2-12. 

The calibration curves were used to translate the conductivity response to a concentration 
response. At low KCl concentrations, typically occurring in the tail of broad response curves, the 
slope of the conductivity-concentration curve is low and the error in the calculated concentration 
becomes large. Broad response curves were observed at high pulsation velocities and the fitted 
axial dispersion coefficients at these high pulsation velocities therefore have a lower accuracy. 

2.4.2 SPECTROSCOPIC METHOD 

Problems experienced with the conductivity method initiated the use of a spectroscopic method. 
This type of method is more sensitive and therefore lower concentrations of tracer can be used 
that will also reduce possible buoyancy effects. An additional advantage is that visual observations 
can improve the insight into the flow patterns and detect for example flow maldistribution. 
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A flow-through transmission probe placed inside the column and connected to an Avantes 
Systems SD 2000 UV-VIS detector by optical fiber was used to detect the injected dye. A drawing 
of the probe configuration is shown in figure 2-13. Six optical fibers transmit light from the light 
source through the solution onto a diffusive reflective surface. To get a sufficiently high 
absorption, the total back and forth optical path length was set to 13 mm. Reflected light is 
collected by an optical fiber and transmitted to a detector where the wavelengths are split and 
detected simultaneously on a diode array. The spectrum can be monitored at a frequency of 
approximately 10 Hz. To improve the stability of the measurement, ten subsequent spectra were 
averaged. Absorption at four different wavelengths was recorded at a frequency of 1 Hz. The 
diameter of the probe is larger than the inter-plate distance and a tight fitting square hole was cut 
in a sieve plate to accommodate the probe tip. The location of the detection cavity in the plane of 
the sieve plate ensures very quick exchange with the bulk liquid and no retardation in response is 
expected. 

 
figure 2-13  Drawing of the used variable path length transmission probe from Avantes optical 
systems. Courtesy Avantes.  

The absorbance-concentration relationship was found to be linear in the range used. Therefore 
the absorbance response was fitted directly with the reactor model and no translation to 
concentration was made. 

For the pulse response measurements, a volume of 2 ml of an approximately 0.6 wt% 
aqueous Cibacron blue dye solution was injected into the center of the column by means of a 
syringe. Also in this case the injection period was short compared to the mean residence time 
over the test section.  

2.5 HEAT TRANSFER MEASUREMENTS 
The dependence of the partial heat transfer coefficient at the inner tube side of the pulsed sieve 
plate column on the pulsation conditions was measured using steady state heating experiments. 
Cold water entered the column at the bottom at the maximum flow rate of the feed pump of 
7.9 ml s-1. An ethylene glycol-water mixture was circulated through the jackets of the first two 
segments using a Lauda UKS 6000 circulation heater/cooler at a constant temperature of 65 °C. 
After starting the experiment or changing the operating conditions, at least five mean residence 
times over the test section were allowed for stabilization, before the temperature measurements 
were taken  

Two Pt-100 probes were used to monitor the temperature difference of the liquid entering the 
jacket of first segment and returning from the outlet of the second segment. The temperature 
difference was approximately 1.5 °C. A third Pt-100 probe was used to measure temperatures 
inside the column at 5 different axial positions by inserting it through a sampling valve. The 
temperature signal was monitored graphically on a personal computer and, after the signal had 
become stable, the value was taken down and the next position was measured. The three Pt-100 
temperatures probes were calibrated against each other by adjusting the slope and offset of two 
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probes to match their response with the third. The difference in response between any of the 
probes after calibration was less than 0.1°C between 5 and 90 °C. Axial temperature profiles were 
measured for different pulsation velocities and three different flow rates through the jacket; 0.13, 
0.31 and 0.44 kg/s, to determine the jacket side heat transfer resistance. 

A major advantage of measuring heat transfer at steady state operation is that the heat 
capacities of the reactor wall, the outside wall, the flanges of the segments, valves, inserts and 
internals do not have to be known. Furthermore, the exact flow rate through the jacket or the 
response time of the temperature probes is not of importance. 

2.6 EMULSIFICATION 
The lowest pulsation velocity for sufficient emulsification in the PSPC was estimated using a 
method similar to the method for the determination of the lowest stirrer speed for sufficient 
emulsification in stirred tank reactors [Kemmere, 1999] [Kemmere et.al., 1999b, Kemmere et.al., 
1999b]. Kemmere filled the reactor with the aqueous and monomer phase and stepwise increased 
stirrer speed until the clear monomer layer on top was no longer present. 

Filling the PSPC with the two phases and gradually increasing the pulsation intensity to 
monitor the visual disappearance of a clear monomer layer, as was done in the stirred tank 
experiments of Kemmere, would result in very lengthy experiments. The slow axial mixing in the 
column causes a considerable delay in attaining a steady-state situation. To get an estimate of this 
period the Fourier criterion can be used, see equation 2-1 

2L
t·EFo =  Eq. 2-1 

For approximation of the equilibrium situation, a value of Fo=0.9 can be used. With a dispersion 
coefficient (E) in the order of 10-4 m2 s-1 and a reactor length (L) of 5 meters, it can be estimated 
that it would take 60 hours for the system to approximate its equilibrium situation. 

In practice, the reactor is operated in continuous flow mode with an emulsified monomer-
water feed entering the reactor at the bottom. It is therefore more interesting to examine if the 
mixture is stable for a sufficient period of time. Since monomer droplets are only present during 
stage I and II of the emulsion polymerization process, the emulsion should be stable for the 
space-time needed until stage III is reached. Space-time until the end of stage III is less than 30 
minutes for a typical emulsion polymerization process in the PSPC. Therefore, if the emulsion 
did not show macroscopic phase separation within 30 minutes, the used pulsation velocity was 
regarded as sufficient. To investigate the dispersive properties of the column also experiments 
were performed with a non-emulsified monomer-water feed entering the column at the bottom. 

At the start of the experiment the water-monomer emulsion mixture displaced an emulsifier 
solution present in the column at a net flow rate of approximately 7.3 ml s-1 with the pulsator 
running at the pulsation conditions under investigation. The passage of the emulsion front was 
monitored at the inter-segment glass viewing windows. After 1.5 mean residence times the flow 
was stopped and the in and outlets of the reactor were closed, pulsation continued. Samples were 
taken at the top and bottom of the column to monitor the mixture for the presence of large 
monomer droplets. During a waiting period of 30 minutes the column was checked visually for 
signs of macroscopic phase separation. At the end of the period, again samples were taken at the 
bottom and top of the column to visually examine the emulsion and check for polymerization. 
Subsequently the inlet and outlet of the column were opened and the emulsion mixture was 
displaced with a water-emulsifier solution. Again, the passage of the front was monitored. All 
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experiments were performed at 65°C after it was observed that performing the experiments at a 
temperature of 85°C resulted in polymerization, even though monomer with inhibitor was used. 
The used recipe, given in table 2-1, is that of a standard seed latex production run, leaving out the 
initiator. 

table 2-1 Recipe used for the emulsification experiments 

Component: Styrene Water (demineralized) Sodium dodecyl-
sulphate 

Sodium  
carbonate 

Feed rate [10-3 kg/s] 1.69 5.24 0.188 0.005 

2.7 SEED LATEX 
Polystyrene seed latex was produced in the PSPC at limited backmixing conditions, see chapter 4. 
All the seed latex that was produced had a number average diameter of approximately 40 nm. 
Originally the seed latex was produced at 60°C using a high initiator concentration. The high 
initiator concentration was needed to obtain a high radical flux to initiate a large number of 
particles. At a temperature of 60°C the half-life of the initiator, sodium persulfate, is 
approximately 44 hours and 99% of the initiator was not used. The residual initiator had to be 
removed afterwards to prevent massive coagulation of the seed latex during storage and to prevent 
an early start during a second stage emulsion polymerization. The seed latex produced at 60°C 
was dialyzed against demineralized water using a countercurrent Lundia Alpha 500 membrane 
module. Dialyzing large volumes of latex needed for continuous flow experiments was time 
consuming and because the membrane unit was sensitive to fouling, it had to be monitored 
carefully.  

Increasing reactor temperature for the seed latex production runs to 85°C results in a forty-
fold increase of the initiator dissociation rate coefficient, see table 2-2. As a result, for an 
equivalent initiator dissociation rate compared to the run at 60°C, a forty-fold lower initiator 
concentration can be used. This much lower initiator concentration results in a reduction of the 
initiator mass fraction from 1.7·10-3 to 0.043·10-3 in the recipe. At this low sodium persulfate 
concentration the seed latex is colloidally stable. The remainder of the initiator was not removed 
by dialysis, but destroyed by stirring the latex at a temperature of 80°C for 20 hours. During this 
thermal treatment 99.85 % of the initiator still present after reaction is destroyed. For latices 
produced with a high initiator concentration at 60°C, this thermal treatment resulted in massive 
coagulation and was not feasible.  

After thermal treatment of the latex produced at 85°C, no activity of the residual initiator was 
observed in the seeded batch emulsion copolymerisation experiments prior to the addition of 
fresh initiator. 

table 2-2 Kinetic parameters of the dissociation reaction of sodium persulfate (Na2S2O8) 

Frequency  
factor 

Activation  
Energy 

Rate coefficient  
at 50°C 

Rate coefficient 
at 60°C 

Rate coefficient 
at 85°C 

7.09 · 1017 s-1 148 kJ mol-1 8.26 · 10-7 s-1 4.32 · 10-6 s-1 1.81 · 10-4  s-1 
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2.8 EMULSION COPOLYMERIZATION EXPERIMENTS 
All emulsion copolymerization experiments were performed with polystyrene seed latex in the 
feed to set the number of particles. In batch experiments all components except the initiator were 
added to the reactor and the mixture was stirred overnight at room temperature to saturate the 
seed latex particles with monomer. A low flow of Argon was sent through the reactor to remove 
traces oxygen. A reflux cooler was used to return volatile components to the reactor. If the reaction 
temperature exceeded the atmospheric boiling point of methyl acrylate, the reactor was closed and 
pressurized before heating to reaction temperature.  

In continuous flow experiments, a small amount of monomer was added to the aqueous 
phase and stirred overnight. Pre-swelling the seed particles is believed to speed up the attainment 
of equilibrium during the mixing of the monomer and aqueous phase in the premixer. The 
aqueous phase and monomer storage tanks were purged with Argon through a dip pipe inserted 
in the liquid to remove oxygen. 

Emulsifier was added to the aqueous phase to increase the fractional emulsifier surface 
coverage of the swollen particles to just below one prior to reaction. During the reaction no 
emulsifier was added and, due to particle growth, fractional surface coverage decreased. In all 
experiments the fractional surface coverage remained high enough to prevent coagulation. 

Injecting the aqueous initiator solution in the batch experiments started the reaction. In the 
continuous CSTR and PSPC experiments the initiator solution was fed into the preheated and 
emulsified aqueous-monomer feed stream close to the entrance of the reactor.  

Additional feeds of monomer to the batch reactor, CSTR or PSPC were made with neat 
monomer. In the batch reactor, monomer was added close to the impeller through a dip pipe. For 
the CSTR, the additional monomer was fed into the main feed before it entered the second reactor 
at the bottom. Monomer feeds at different axial positions in the PSPC were made through thin 
pieces of tubing into the center of the column. 

2.9 ANALYSIS 
Samples of approximately 5 ml were taken from the reactor to determine overall conversion, 
partial conversion and copolymer composition. To stop the polymerization reaction, 
hydroquinone was added to the sample. Small volumes were taken from the sample for gas 
chromatography and gradient polymer elution chromatography analysis; the remainder of the 
sample was weighed before and after drying to determine the polymer content. To speed up the 
drying process, acetone was added to the latex to coagulate the polymer and to enhance the 
evaporation of water and monomer.  

2.9.1 GAS CHROMATOGRAPHY (GC) 

Approximately 0.1 ml of the latex sample was diluted in 2 ml methanol to precipitate the polymer. 

From the clear solvent layer 1 µl was injected on a Fisons GC 8000 gas chromatograph containing 
a non-polar capillary column (J&W DB-5). The initial column temperature was 70 °C. After the 
methanol and methyl acrylate had reached the detector a temperature program was started, 
increasing the column temperature to 140 °C to reduce the time of analysis to 8 minutes. A flame 
ionization detector (FID) was used to detect the components. The linear response range of the 
detector was determined from calibration curves for styrene and methyl acrylate. If the peaks of 
either component were outside the linear range, the sample was diluted further with methanol 
and injected again. From the peak surface areas and the calibration curves the amounts of styrene 
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and methyl acrylate in the injection volume were calculated. Dividing the amount of styrene in the 
GC sample (mS GC) by the amount of methyl acrylate in the GC sample (mMA GC), the monomer 
mass ratio (A) in the sample is obtained, see equation 2-2. 

sampleGCinMA

sampleGCinS

m
m

A =  Eq. 2-2 

CALCULATION OF (PARTIAL) CONVERSIONS IN SEMI-BATCH MODE 

From a mass balance for styrene and methyl acrylate, using the monomer mass ratio measured by 
GC and the measured momentary overall conversion (Xtot,m

M) as defined in equation 2-3, the 
momentary partial conversions of styrene (XS,m

M) and methyl acrylate (XMA,m
M) were calculated 

using equation 2-4 and 2-5. The momentary overall conversion at time m is defined as the ratio of 
the copolymer formed (mPol) and the cumulative amount of monomer fed to the reactor at time 
m, including the initial charge. Seed latex is considered as inert in all conversion calculations and 
therefore subtracted from the experimentally determined polymer content. 
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In equations 2-3, 2-4 and 2-5 mS and mMA denote the additions of styrene and methyl acrylate to 
the reactor, including the initial charge at t=0. 

In semi-batch operation, conversion at time m is commonly defined as the amount of 
converted component at time m divided by the total amount of component added to the reactor 
during the entire batch process. This conversion can be calculated from the momentary conversion 
defined in equations 2-3, 2-4 and 2-5 by equations 2-6, 2-7 and 2-8, respectively. 
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CALCULATION OF (PARTIAL) CONVERSIONS IN A CSTR 

Overall conversion was calculated by dividing the mass flow rate of monomer converted in a 
single tank by the mass flow rate of styrene (qS) and methyl acrylate (qMA) fed to the reactor. The 
mass flow rate of polymer fed to the reactor from upstream reactors (qp,f) therefore was subtracted 
from the mass flow rate of polymer in the outlet (qp,outlet), see equation 2-9.  
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Partial conversions of styrene (XS) and methyl acrylate (XMA) were calculated from the styrene-
methyl acrylate mass ratio in the reactor (A) measured by GC, and overall gravimetric conversion 
(Xtot) using: 
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CALCULATION OF (PARTIAL) CONVERSIONS IN THE PSPC 

If the pulsed sieve plate column is operated at near plug flow conditions, overall and partial 
conversions can be calculated using analogue relations as used for the semi-batch reactor. 
However, if backmixing is considerable and side feed streams are used, the dispersive transport of 
components in the side feed to a position upstream has to be taken into account in the 
determination of the local conversion. In steady state, the upstream concentration in the absence of 

reaction of components in the side feed is predicted by equation 3-10. Adding this concentration to 
the concentration from the main feed and the feeds upstream of the sample point, the local 
concentrations of styrene and methyl acrylate in the absence of reaction can be calculated. Using 
these concentrations in equations 2-3, 2-4 and 2-5 the local conversion can then be calculated. 
Conversion of monomer into polymer in a reacting system will influence the local monomer 
concentration, but will not affect the dispersive transport because of the negligible slip velocity of 
both the monomer droplet and polymer particle phase. The local conversions then can be 
recalculated to conversions based on the overall monomer feed using equations analogous to 
equations 2-6, 2-7 and 2-8. 

2.9.2 PARTICLE SIZE DISTRIBUTIONS 

Transmission electron microscopy (TEM) was used to take photographs of produced seed latex. 
The particle size distribution was determined by measuring at least 300 particles. A number 
average mean diameter was used to calculate the particle concentration in the seed latex, needed 
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to determine the dilution factor for setting the number of particles in a seeded emulsion 
copolymerisation experiment.  

For a number of copolymerisation experiments, the particle size distribution of the product 
was measured by TEM and dynamic light scattering (DLS) using a Coulter N4. No major 
secondary nucleation or coagulation was observed but, considering the large errors in the DLS 
method and the difficulties in using TEM for the low glass transition temperature copolymers, the 
results can at best be considered to be qualitative.  

Products of seed latex production runs in batch and in the PSPC (chapter 4) were also 
analyzed with capillary hydrodynamic fractionation (CHDF) using a Matec Applied Sciences 
CHDF 2000 equipped with a C201 column at a flow rate of 1.4 ml min-1. The CHDF method gave 
a reasonable estimate of particle size, however, it is not particularly suited for analyzing particles 
smaller than 50 nm and considerable scatter was observed in duplicate analysis runs. 

2.9.3 SURFACE COVERAGE 

The method developed by Maron [Maron et.al., 1954] was used to measure the fractional 
emulsifier surface coverage of the latex particles. The measured fractional emulsifier surface 
coverage of the seed particles was used to calculate the amount of emulsifier that could be added 
to maximally stabilize the particles in the seeded copolymerisation experiments, whilst staying 
below the critical micelle concentration to prevent secondary nucleation. Fractional surface 
coverage of products was checked and found to be consistent with predicted values, indicating 
that no coagulation or secondary nucleation had occurred. 

2.9.4 GRADIENT POLYMER ELUTION CHROMATOGRAPHY (GPEC) 

The intermolecular chemical composition distribution was measured by gradient polymer elution 
chromatography (GPEC) [Sparidans et.al., 1990, Schoonbrood et.al., 1996b]. This HPLC 
technique is based on the solubility differences of copolymers having different chain-average 
chemical compositions. The polymers are precipitated on a packed column by injection into a 
non-solvent. Gradually, solvent quality is improved by changing solvent composition. Chains with 
a specific chemical composition start to dissolve at a certain solvent composition and are eluted 
from the column. Detection at the outlet occured with an ultraviolet light absorption (UV) detector 
and an evaporative light scattering detector (ELSD). The ELSD sprays the eluent in a warm, 
downstream nitrogen flow and, after the evaporation of the solvent, detects the presence of solid, 
coagulated particles from light scattering.  

The dissolution-precipitation equilibrium is not uniquely dependent on the chemical 
composition but also on the molecular mass of the chains. Therefore, homogeneous copolymers 
with a similar molecular mass as the reaction products were used for calibration. Calibration 
standards were prepared through low conversion bulk polymerization. 

OPERATING PROCEDURES 

The optimal configuration for analyzing styrene-methyl acrylate copolymers was found by trial 
and error using different columns and solvent gradients. A short non-polar Nova-Pak C18 
modified column and a polar to non-polar gradient, acetonitrile/water (80/20) to acetonitrile to 
tetrahydrofuran (THF) at a flow rate of 0.5 ml/minute gave the best resolution. Total analysis time 
for a single sample was 70 minutes. The column was placed in a Waters 2690 Separations 
module, detection was performed by a Waters 2487 Dual UV absorbance detector and a Polymer 
Laboratories EMD 960 ELSD detector operating at 70°C and an nitrogen flow of 5 dm3 minute-1.  
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In between the injection of samples, the column was rinsed by performing a complete 
gradient cycle. The detector signal showed only a very low amount of material leaving the column 
during this second wash. A new calibration curve was generated from injection of a mixture of 
calibration samples each time a new set of sample material was tested to compensate for different 
performances of the pumps and column or changed tubing volumes. 

CALIBRATION STANDARDS 

No commercial styrene-methyl acrylate calibration standards were available. To approximate the 
high molecular mass of copolymers produced in emulsion copolymerisation a bulk 
copolymerisation was performed at a low initiator concentration. A monomer mixture was stirred 
and flushed with Argon for 30 minutes. After the addition of 10 ml of a 6 wt% 2,2'-Azobis(2-
methylpropionitrile) solution in toluene, the mixture was heated at a rate of approximately 
4°C/minute to 70°C, whilst frequently checking the contents of the reactor for polymer by 
dropping a sample into cold methanol. As soon as polymer precipitated, on average 15 minutes 
after addition of the initiator, the entire reactor content was transferred into a stirred tenfold 
surplus of chilled methanol to stop the reaction and to precipitate the polymer. In case of methyl 
acrylate rich copolymers, some water was added to increase the polarity of the solution. The 
polymer flocks were filtered and dried in vacuum. Since conversion was low in all cases, no 
composition drift occurred during reaction and the produced copolymers have a homogeneous 
intermolecular chemical composition. The narrow peaks in the GPEC measurement confirmed 
this. Nuclear magnetic resonance (1H-NMR) was used to determine the styrene-methyl acrylate 
ratio in the produced copolymers. Details of the preparation and properties of the calibration 
standards are reported in table 2-3. An example of the used calibration curve is given in figure 
2-14. 

DETECTORS 

The available detectors, the evaporative light scattering detector (ELSD) and the ultraviolet 
absorption (UV) detector, each has its drawbacks. The UV detector only detects polymer that 
contains styrene and requires a difficult base-line correction because of the UV absorption of the 
changing THF solvent composition. It therefore is not possible to accurately detect copolymers 
with a styrene fraction below 0.2 kmol/kmol. The signal of the UV detector is divided by the 
momentary styrene fraction in the copolymer to give the relative amounts of copolymer. 

The ELSD, although it cannot be used quantitatively, is helpful in detecting homopolymers of 
methyl acrylate. Since the response of the ELSD is non-linear and depends on polymer properties 
like for example molecular mass it can only be used for qualitative measurements. 
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table 2-3 Used recipe and properties of styrene-methyl acrylate copolymers for GPEC calibration. 
Average chemical composition (FS) calculated from H-NMR spectra, number average 
(MN) and weight average (MW) molecular mass from size exclusion chromatography. 
Calibration standards 0 and 1 were prepared through emulsion polymerization. 

Name Styrene 
[g] 

Methyl Acrylate 
[g] 

Conversion 
[kg/kg] 

FS 

[kmol/kmol] 
MN 

[kg/mol] 
MW 

[kg/mol] 

0 0 187 1  1417 2080 
0.1 11.7 488.1 0.013 0.11 514 929 
0.2 27.3 428.8 0.016 0.21 203 429 
0.3 56.2 441.4 0.027 0.29 102 310 
0.4 107.0 392.2 0.015 0.40 107 268 
0.6 291.4 210.0 0.009 0.68 80 212 
0.8 433.9 74.0 0.010 0.84 106 263 
0.9 464.2 37.3 0.010 0.91 125 217 
1 250  1  - - 
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figure 2-14  Calibration curve relating elution time and average chemical composition of the 
copolymer. Markers show injected calibration samples of table 2-3, line the best linear fit. 
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2.10 CHEMICALS 
All reagents were used as received, except for the monomer. Styrene and methyl acrylate were 
distilled at reduced pressure to remove inhibitor and subsequently stored at –23°C in a stainless 
steel drum. Only for some experiments in chapter 4, styrene was used as received. 

table 2-4 Chemicals used in the experiments 

Name Purpose Supplier Purity 

2,2'-Azobis(2-methylpropionitrile) Initiator Fluka >98% 
4-t-Butylcatechol Inhibitor Merck >98% for synthesis 
Acetone Solvent (gravimetry)  chemically pure 
Argon Purge Hoek Loos 5.0 
Carboxy methyl cellulose (high visc.) Rheology modifier Merck for biochemistry 
Hydroquinone Inhibitor Acros >99% 
Methanol Solvent (GC) Merck >99.8% for analysis 
Methyl acrylate Monomer Acros >99% + 200 ppm MEHQ 
n-Dodecylmercaptan Chain transfer agent Merck >98% for synthesis 
Sodium carbonate Buffer Merck >99.9% for analysis 
Sodium dodecylsulfate Emulsifier Merck >85% for synthesis 

<4% non-esterified 
alcohols 
<8% NaCl and Na2SO4 

Sodium persulfate Initiator Merck >99% for analysis 
Styrene Monomer Aldrich >99% + 50 ppm TBC 
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Abstract 

Operating a reactor requires a good understanding of the 
parameters influencing its performance. In a continuous 
oscillatory flow reactor the performance is mainly determined 
by the pulsation conditions. In this chapter the influence of 
pulsation conditions on residence time distribution, heat 
transfer capability and emulsification performance for a Pulsed 
Sieve Plate Column (PSPC) is reported.  

A mathematical description of the axial mixing, important for 
predicting the conversion profiles in the reactor, is given using 
the plug flow with axial dispersion model and the stage-wise 
mixing model. The good control over the mixing performance 
and the near plug flow behavior make the PSPC an excellent 
and flexible continuous flow reactor with a broad application 
range.  
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3.1 INTRODUCTION 
The Pulsed Sieve Plate Column (PSPC) is a special type of tubular reactor. Local mixing is 
obtained independently from the net flow by a periodic motion of the liquid superimposed on the 
net flow by a pulsator. This is very different from traditional tubular reactors where the net flow 
determines the local mixing behavior. Generally the net flow velocity is very high in such a 
tubular reactor to generate a turbulent flow. In that case, good radial mixing results in a near plug 
flow performance of the reactor. A problem is that for slow reactions a very long tubular reactor is 
required to combine high flow velocity with a long mean residence time. Another disadvantage is 
that, once such a traditional plug flow reactor has been designed, a process requiring a different 
mean residence time cannot be accommodated without influencing the local mixing conditions. 

The liquid in the PSPC has a relatively low net velocity. For a given reactor length, this 
velocity is set to result in a desired mean residence time. The frequency and amplitude of the 
oscillations determine the local, continuously reversing, high velocities. To give a physical picture 
of the local, time dependent mixing processes in an oscillatory flow reactor, first the visually 
observed flow patterns are shown and discussed in section 3.2.  

Generally, the local velocities resulting from the oscillatory motion are at least an order of 
magnitude larger than that resulting from the net flow. The advantage of the principle is that the 
intensity of mixing can be controlled independently from the net flow. Because of the high local 
mixing intensity also some axial mixing occurs which, especially for longer mean residence times, 
results in a more pronounced deviation from plug flow. An accurate knowledge of this flow non-
ideality is essential to predict the performance of the reactor in terms of product properties and 
conversion. The plug flow with axial dispersion model, discussed in section 3.3, describes the axial 
mixing by using an axial dispersion coefficient. Unfortunately, the axial dispersion coefficient 
cannot be predicted from first principles and has to be determined experimentally by residence 
time distribution studies. As an alternative, a special case of the stage-wise mixing model is 
derived to predict the axial mixing from the number of mixing stages, net flow, pulsation 
amplitude and pulsation frequency. 

Residence time distribution measurements were performed to validate the models. Results 
discussed in section 3.4 show that both models are able to give an accurate description of the 
deviation from plug flow for pulsation conditions considered feasible for emulsion 
polymerization. In section 3.5 the residence time distribution performance of the sieve plate 
internals is compared with data from literature for different types of internals and packing used in 
oscillatory flow reactors. It is shown that the axial mixing is approximately equivalent for all the 
different internals if it is considered per characteristic packing/internal length scale. 

The heat transfer capability of the reactor is important to calculate the axial temperature 
gradients for exothermic polymerization reactions. The influence of pulsation on the partial heat 
transfer coefficient at the inside of the column has been determined experimentally and is 
discussed in section 3.6. Emulsion polymerizations furthermore require mixing to keep the 
monomer phase dispersed in the continuous water phase. Minimal pulsation velocities for 
sufficient monomer dispersion were determined. Results are discussed in section 3.7. 

Finally, the dynamic pressures were monitored at the bottom and top of the reactor with the 
aim to determine the energy dissipation rates. The special type of pulsator used in our 
experiments made measurements difficult. Encountered problems are discussed in section 3.8. 
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3.2 VISUAL OBSERVATIONS 

3.2.1 NO INTERNALS 

If an oscillation is applied to a liquid in a smooth tube at a low frequency, a reversing parabolic 
velocity profile will develop. If a high frequency is used, the parabolic velocity profile has 
insufficient time to develop and the liquid moves up and down in plugs. A type of inverse Fourier 
number; the Valensi number as defined in equation 3-1, gives an estimate of the velocity profile. 
For Va < 20 a parabolic velocity profile will develop, for Va > 70 there is insufficient time and the 
liquid will move in a plug [Brunhold et.al., 1989]. 

υ
RωVa

2

=  Eq. 3-1 

In equation 3-1, ω, R and υ represent the angular velocity, tube radius and kinematic viscosity, 
respectively. For our column and frequency range, the lowest Valensi number is 4000 and the 
liquid moves up and down in plugs, as was confirmed by visualization studies in a smooth tube 
using small polymer particles suspended in the liquid. Numerous others have reported similar 
observations. [Brunhold et.al., 1989] [Mackley and Ni, 1991, Mackley and Ni, 1993]. 

The critical Reynolds number for transition to turbulence can be calculated from the Valensi 
number. Two different correlations are given by Ury and Sergeev [Ury, 1962, Sergeev, 1966]: 
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In estimating a Reynolds number for the oscillatory motion, the maximum velocity during the 
oscillatory cycle is used. This velocity is in the range of 0.2 to 0.5 m/s and, for a tube with a 
diameter of 5 cm, this results in a Reynolds number of 1 104 to 2.5 104. This is lower than the 
critical number calculated by either two correlations of 4,5 104 (Ury) and 4,4 104 (Sergeev) and 
laminar plug flow can be expected, which is confirmed by the visual observation that in a smooth 
tube without internals radial mixing is absent. 

3.2.2 INTERNALS 

Operating without any internals clearly is not favorable for radial heat and mass transfer. Also the 
absence of shear in the bulk of the liquid will hamper the emulsification of monomer. 
Introduction of an irregular surface, as provided by the Sulzer SMV internals used by 
Hoedemakers [Hoedemakers, 1990] will induce some secondary flows [Sobey, 1983, Sobey, 1985] 
and convective radial transport of heat and mass will occur. The critical Reynolds number of the 
SMV internals, calculated from the reduced hydraulic diameter, is lower than that of an empty 
column, but also with the SMV internals the flow is still laminar.  

The higher energy dissipation and increased axial mixing in a column filled with Raschig 
rings compared with Sulzer SMV internals, as observed by Hoedemakers, indicates that if 
internals are used with sharp edges, like for example Raschig rings or sieve plates, the flow 
separation at the edge will induce a much stronger secondary flow and the mixing intensity 
increases. 

A type of packing that can be considered as a sieve plate with a single large and centered hole 
has been investigated extensively by the Polymer Fluids group of Cambridge University and by 
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the Center for Oscillatory Baffled Research Applications of the Heriot Watt University in 
Edinburgh. Visualization experiments on this oscillatory baffled reactor (OBR) revealed that 
placing a sharp edge in a tubular reactor generates flow separation and vortices downstream of 
the baffle. Using a reversing flow results in two large-scale toroidal vortices that very effectively 
move liquid from the center to the wall and vice versa [Brunhold et.al., 1989]. A diagram and 
picture of the observed patterns are shown in figure 3-1 and figure 3-2, respectively. 

 
figure 3-1  Mixing behaviour of a oscillatory baffled reactor, reproduced from the website of the 
Cambridge Polymer Fluids Group. 

 
figure 3-2  Visualisation of mixing behaviour in an OBR (left), reproduced from the website of the 
Cambridge Polymer Fluids Group Right: Visualisation of mixing in a PSPC, view of complete test 
section 

If the oscillation intensity is increased, the single toroidal vortex is replaced by a highly chaotic 
mixing profile. The optimal orifice diameter of the baffle inserts has been determined to be about 
0.6 times the tube diameter resulting in a free surface area of 36%. The optimal baffle spacing is 
about 1.5 tube diameters, equivalent to 2.5 orifice diameters. 

The geometry of the sieve plate internals used in our column is very similar. The free surface 
area is 40% and the sieve plate spacing is 3 times the hole diameter. In effect, the sieve plate 
internals could be considered as a very large number of parallel OBR reactors. 

To study the mixing behavior for the sieve plate geometry, a Perspex column was 
constructed with identical dimensions as the stainless steel polymerization reactor. A laser sheet 
was placed through the column in a plane parallel to the vertical axis and the oscillation cycle was 
filmed. A picture of the column is shown in figure 3-2. Successive frames from the moment just 
before the stroke until the moment just after are shown in figure 3-3.  
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figure 3-3  Visualization of mixing behavior during one stroke in a PSPC sampled at 120 Hz. From Left 
to right, top to bottom; 1) Pulsator at rest 2) upward stroke 3) vortices during upward stroke 4) vortices 
after upward stroke 5) downward stroke 6) vortices after downward stroke. Stroke frequency: 3.2 Hz, 

stroke length: 4mm, fluid: water, particles: polystyrene grains, diameter approx. 100 µm. 

Due to the limited resolution and focusing capabilities of the high-speed camera the images are 
not as clear as direct visual observations. In addition to this, because of the orientation of the 
holes on concentric circles in the sieve plate, the laser sheet will pass through the center of only a 
few of the holes, making the visualization of the flow pattern different from what is observed in 
three dimensional view. 

Still, some important features of the flow can be seen. Before the stroke the particles seem at 
rest and move only slowly in a random direction. During the upward stroke, flow is very much 
orientated in an axial direction; however, it is also immediately diverted into a radial direction by 
the formation of vortices on the upper side of the sieve plate. These vortices continue after the 
upward stroke when the pulsator is at its top position. During the downward movement, the 
liquid moves again in an axial direction and vortices are formed at the bottom of the sieve plate. 
After this short and intense stroke, the liquid slowly decelerates and moves in a random direction 
inside each cavity until the next stroke. 
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In many ways, the observed flow pattern at each hole in the sieve plate is similar to that 
observed for the OBR. Differences arise from the interaction of the vortices, which, especially 
during time that the pulsator is at rest, result in a chaotic larger scale radial mixing. This mixing 
at different length scales during different periods of the cycle is an advantage compared to the 
large vortex mixing in the OBR where the mixing inside the vortex could be limited. As a result 
the radial heat and mass transfer will be slower but much more uniform with the sieve plate 
internals. A major advantage is that the smaller hole size will result in smaller scale vortices 
restricting the axial mixing to a shorter length. 

3.3 REACTOR MODEL 

3.3.1 CHOICE OF AN APPROPRIATE FLOW MODEL 

Residence time distribution (RTD) in tubular oscillatory flow reactors is often described using the 
plug flow with superimposed axial dispersion model [Dickens et.al., 1989, Hoedemakers, 1990, 
Mackley and Ni, 1991, Mackley and Ni, 1993, Mayer et.al., 1996]. In most cases the axial 
dispersion coefficient is a fitted parameter only and not correlated to flow conditions. For a reactor 
consisting of multiple stages like the sieve plate internals, a possible alternative could be the stage-

wise mixing model with backflow [Mecklenburgh and Hartland, 1975], especially since the visual 
observations indicated that the mixing is limited to the size of the cavity. Only in one literature 
reference the stage-wise mixing model with backflow has been used to fit the RTD data of an 
oscillatory flow reactor [Howes and Mackley, 1990]. Ignoring the physical backflow, the RTD of a 
reactor can also be modeled using the ideally mixed tanks in series model, however, the validity of 
the model is limited if physical backmixing beyond one cavity is significant [Stonestreet and van 
der Veeken, 1999]. Both the plug flow with axial dispersion model and the stage-wise mixing with 
backflow model will be discussed and it will be shown that they are equivalent for a large number 
of stages. 

3.3.2 PLUG FLOW WITH AXIAL DISPERSION MODEL 

The plug flow with axial dispersion model uses a dispersion coefficient to describe the additional 
flux of material up- and downstream resulting from local mixing events. It has a very close 
analogy with diffusion in its description of the flux. In the dispersion case the additional flux is 
the result of eddy mixing whereas diffusion is the result of the thermal Brownian motion. The 
axial dispersion coefficient is typically two to three orders of magnitude larger than the molecular 
diffusion coefficient, depending on the local mixing conditions. A schematic representation of the 
model is given in figure 3-4. 

Ji 

Fi 

Ji + dJi 

Fi + dFi 

z z + dz 
 

figure 3-4  Schematic representation of the plug flow with axial dispersion model 

From a mass balance for a component i over a slice of the column (Sdz) equation 3-3 can be 
written; 
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Where Ci stands for the concentration of component i, for the volume of the slice, S for the cross 

sectional area, ε for the bed porosity, Rv,i for the volumetric production rate of component i, Fi for 
the molar convective flow of component i and Ji for the molar flux of i caused by local mixing. Ji is 
defined in equation 3-4 with E as the axial dispersion coefficient. 
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The molar convective flow of component i is defined in equation 3-5 with u as the interstitial 
velocity. 

ii CSuF ε=  Eq. 3-5 

Combining equations 3-3, 3-4 and 3-5, assuming u and E are constant and dividing through d(ε·V) 

= ε·Sdz under the assumption that the reactor is homogeneously packed with internals the 
dispersion equation is obtained:  
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This dispersion equation can be used to predict the reactors performance if the reaction kinetics 
and the axial dispersion coefficient are known. To determine the axial dispersion coefficient, often 
tracer-pulse response measurements are performed.  

The solution of the dispersion equation for a perfect inert tracer pulse injection (a Dirac 
pulse) in a system with two open boundaries has been reported by Levenspiel and Smith 
[Levenspiel and Smith, 1957]: 
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With Ci(z,t) as the concentration of tracer component i at time t after injection of the tracer pulse 
at a distance z from the injection point, Q is the amount of tracer.  

A different method to determine the axial dispersion coefficient is the measurement of a 
steady state concentration profile for a continuous feed of a tracer component. The boundary 
conditions for the plug flow with axial dispersion model with a continuous feed of inert tracer at 
position z are given in equation 3-8 and 3-9. Solution of equation 3-6 for these boundary 
conditions results in equation 3-10.  

0, =∞−= zCzfor  Eq. 3-8 

izzi CCzzfor => ,  Eq. 3-9 

i
i

zz zzfor
E
zzuCC

i
<



 −

=
)(exp  Eq. 3-10 



44 Chapter 3 

An important assumption in equations 3-7 and 3-10 is that the packing material is homogeneously 
distributed over the total reactor volume and that the porosity therefore is a constant. For the sieve 
plate column the porosity clearly alternates between 1 in the inter-plate cavity and approximately 
0.4, the sieve plate porosity. The interstitial velocity and axial dispersion will vary accordingly and 
the values obtained from fitting u and E from equation 3-7 and 3-10 will represent the averages. 

3.3.3 STAGE-WISE MIXING WITH BACKFLOW 

A discrete analogy to the continuous axial dispersion model is the series of stirred tank reactors 
with backflow. The backflow in that case is a fitted parameter and does not necessarily represent 
the physical backflow. In literature this model has been presented to describe the residence time 
distribution in multistage systems where physical backflow can occur, e.g. entrainment of the 
liquid phase to a higher stage in a distillation column [Klinkenberg, 1966, Haddad and Wolf, 
1967, Buffham, 1969]. A schematic representation of the model is given in figure 3-5. The 
amount of backmixing is expressed by f, which is defined by the ratio of the backflow and the net 
forward flow rate, G. 

G (1+ f) xi
n-1 G (1+f) xi

n 

G f xi
n+1 G f xi

n 

n - 1 n  n + 1 

 
figure 3-5 Schematic representation of the stage-wise mixing with backflow model 

This model can be shown to be the stage-wise equivalent of the differential plug flow with axial 
dispersion model if the number of stages is large by the proof given below [Mecklenburgh and 
Hartland, 1975]. 

If one assumes that each stage is perfectly mixed, the net flow of component i from 
compartment n-1 to n can be written as: 
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With G as the volumetric net flow rate and xi
n as the concentration of component i in the flow 

from stage n and Xi
n as the concentration of component i in stage n. A balance around the nth 

stage then results in: 
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with νn as the volume of stage n and ri
n as the volumetric reaction rate of component i.  

Division by G results in the dimensionless form given by: 
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A combination of equations 3-13 and 3-14 gives: 
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The relationship between dimensionless distance z and stage number n can be written as a 
fraction of the total number of stages N. If the concentration xi

n is considered at the center of each 
stage the fractional position becomes: 
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For the concentrations in the stages adjacent to the nth stage also a Taylor series can be written. 
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If equations 3-15 and 3-17 are combined, the third and higher order terms are neglected and the 
suffix n is dropped, equation 3-18 is obtained. 
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 Eq. 3-18 

Comparing this equation with the equation for the differential plug flow with axial dispersion 
model, equation 3-6, the relationship between these two models is found: 

PeN
f 12

1
=

+
 Eq. 3-19 

The approximation made by neglecting the higher order terms in the Taylor expansion results in a 
difference between the two models by the order 1/N3 per stage and 1/N2 for N stages. Since the 
concentration profile in a reactor with backmixing are flattened by the backmixing process itself, 
the higher order differentials are generally small. 

If backflow is absent, i.e. f=0, equation 3-19 changes to the well known relationship between 
the cascade of stirred tanks model and the plug flow with axial dispersion model where the 
equivalent number of tanks is given by Pe/2. Equation 3-19 has another interesting feature; it 
shows that the overall backmixing process is the addition of the perfect mixing within each stage 
and the finite backmixing between each stage.  

The two models are expected to be very close mathematical approximations because the high 
number of physical mixing stages in our column (N=500) reduces the importance of the higher 
order terms in the Taylor expansion.  

Considering the presence of the discrete stages and the observed good local mixing within 
each stage, the discrete stage-wise mixing model discussed appears to give a better physical 
description of the sieve plate column than the differential, continuous plug flow with axial 
dispersion model discussed in section 3.3.2.  

STAGE-WISE MIXING WITH TIME DEPENDENT FLOW 

One important characteristic which is not included into the stage-wise mixing model is that the 
flow in the PSPC is time dependent and even fully reversing. This is very different from the 
constant up and down flows shown in figure 3-5. From the position of the pulsator and the net 
flow a velocity-time profile can be constructed, see figure 3-6 
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figure 3-6  Position-time (dotted line) and velocity-time (solid line) profile in a pulsed column with a 
volume displacement pump drive. 

If the used stroke length is relatively small compared to the maximum stroke length of the used 
displacement pump, then the time at which the diaphragm of the pulsator is at rest is 
considerable. In that period, the average axial velocity in the column equals the net velocity. At the 
moment that the turning eccentric wheel picks up the diaphragm, the impulse of the drive is 
transferred to the liquid in the column and the forward velocity is increased to a new level almost 
instantly. While traveling upwards, the liquid decelerates and the radial averaged axial velocity 
reaches the net velocity again when the diaphragm is at the top position. As the direction is 
reversed, the liquid starts to accelerate again in the opposite direction and inter-cell backflow 
starts from the moment where the downward velocity of the diaphragm equals the net velocity. At 
the moment where the diaphragm reaches the lowest position, the average axial velocity instantly 
changes to the net flow velocity and the cycle is complete. Translating the oscillatory motion into a 
time dependent flowchart, figure 3-7 is obtained. 

In figure 3-7, the constant net flow rate is represented by G, the time-dependent flow rate 
during the movement of the diaphragm by G’. This G’ can be calculated from the net flow and the 
exact motion of the diaphragm. One cycle of oscillation with the type of pulsator used in our 
experiments consists of three distinct periods. If the pulsator is at rest at the bottom position, the 
inter-cell flow is equivalent to the net flow in the column and momentarily no inter-cell backflow 
occurs.  
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figure 3-7  Graphical representation of the inter-cavity flows during one cycle of pulsation. 
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This does not mean that backmixing is absent since the liquid inside each cavity is still 
rotating/moving as a result of a previous stroke, so intra-cell backflow will occur. If this intra-cell 
backflow is high enough the cell will be fully back mixed and can be considered as perfectly mixed 
tank. During this part of the cycle the column behaves, for a very short time, as a series of N 
perfectly mixed stirred tank reactors (f=0). From the moment that the pulsator is moving 
upwards, until it reaches its top position, the forward flow rate is increased and again, if the intra-
cell backflow is high enough, the column behaves as a series of stirred tanks, however now with a 
continuously changing residence time. After the pulsator has reached its top position the flow 
reverses and the column behaves as a series of stirred tanks with an opposite flow direction. 
During this part of the cycle physical inter-cell backflow takes place. 

An important difference with the stage-wise mixing model is that, even if the reactor operates 
at an average steady state, the concentrations in each cell are no longer constant in time because of 
the non-steady flows. If, for example, a negative concentration gradient exists in the axial 
direction, the concentration in a cell will be approximately constant during the period of rest, 
increase during the upward stroke and decrease again during the downward stroke. During RTD 
measurements, using a dye as a tracer component, this up-and-down behavior of the 
concentration was also observed visually. 

STAGE-WISE MIXING WITH DISCRETE FLOW 

To include this non-steady behavior in a model, steady flow balances cannot be used and the cycle 
of one stroke should be divided in at least three different events; a “standard” CSTR part with 
constant flows, an increased forward flow part and a backflow part. The mixing time in each cavity 
will vary along the cycle of the pulsation as the size and velocity of the vortices constantly change.  

Since the time-scale of important events in emulsion polymerization is much larger than the 
period of oscillation, the variation in the intra-cell mixing time will be of no importance for the 
description of this process. However, if fast and/or mixing sensitive reactions are considered, the 
variation in mixing times has to be taken into account, e.g. by using a computational fluid 
dynamics approach. 

Taking a simplified view of the mixing process, the oscillation cycle could also be divided in 
two steps; a part in which some liquid moves downstream and mixes completely with the fluid in 
the downstream cavity during the period of rest and the subsequent upward stroke and a part in 
which some liquid moves upstream and mixes completely with the liquid in the upstream cavity 
during the downward stroke. To calculate the volume of liquid that is displaced during the upward 
step (Vup), i.e. in the same direction as the net flow, and the downward step (Vdown), i.e. opposite to 
the net flow, equations 3-20 and 3-21 are used: 

SstuSstGV upupup εε )( +=+=  Eq. 3-20  

SstuSstGV downdowndown εε )( +−=+−=  Eq. 3-21 

The cross sectional area of the column is represented by S, packing porosity by ε, stroke length by 
s, interstitial net flow velocity by u, the time during which the pulsator moves down by tdown and 
the sum of the time that the pulsator is at rest and moves upward by tup. At the end of the up or 
down movement, the volume of the liquid that remained in the cell under consideration is 
instantly mixed with the liquid that entered the cell, and a new cell concentration is calculated. A 
schematic representation of the process is given in figure 3-8. 
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figure 3-8  Schematic representation of stage-wise mixing with discrete flows. During rest period and 
the upward stroke a volume of liquid is displaced to a cell downstream (grey area). After the end of 
the upward stroke the liquid in each cell is mixed instantaneously. During the downward stroke a 
somewhat smaller amount of liquid is displaced to a cell upstream (grey area) and this liquid is mixed 
instantaneously after the stroke has ended.  

The assumption of “no mixing” during the displacement can be relaxed somewhat by increasing 
the number of calculation steps from two per oscillation to a higher number. But, especially if the 
stroke length is small compared to the axial length of a mixing cell this would appear not to be 
necessary since the liquid entering the cell from one side is unlikely to reach the other end before 
the flow reverses.  

If the stroke length is much smaller than the length of the mixing chamber it is unlikely that 
the liquid entering the cell will instantly mix with the entire volume of the cavity. In that case he 
model should be extended to make a division between smaller well-mixed volumes and additional 
non-mixed zones in between, see figure 3-9. This case has not been included in the model 
because a stroke length at which poorly mixed volumes exist is not of practical interest. 

Non-mixed zone 

Net flow 

Pulsation 

Well-mixed zone Sieve plate 

 
figure 3-9  Schematic representation of the mixing zones is the stroke length is much smaller than 
the length of the mixing chamber. 
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If the stroke length is of the same order or larger than the axial length of the mixing cell, the 
entering liquid will mix with the liquid in the cell before continuing to the next cavity. In the model 
this can be include by dividing both the upward and downward stroke in multiple smaller steps; 
each followed an instantaneous mixing event. 

3.3.4 MODEL PREDICTIONS OF THE AXIAL MIXING 

The stage-wise mixing with discrete flow described in the previous section was programmed in 
Fortran using the assumption that if the stroke length exceeds half the distance between the 
plates, the upward and downward movement can be divided in multiple consecutive mixing 
events, each with a stroke length of half the inter-plate distance. Two types of simulations were 
performed; the response to a pulse injection and the development of the steady state 
concentration profile if a continuous feed is applied. After the reactor model had calculated the 
transient response or the steady state concentration profile, the data was fitted to equation 3-7, 
respectively 3-10, using a linear least squares fit method with as only fit parameter the axial 
dispersion coefficient.  

Response curves to a tracer injection for two typical pulsation conditions are plotted in figure 
3-10. The fit of the calculated profiles with the plug flow with axial dispersion model is excellent 
and confirms the conclusion of section 3.3.3 that the stage-wise mixing with backflow model is a 
very close approximation of the axial dispersion model. Furthermore, it shows that the 
discretization of the stage-wise mixing with backflow model does not affect the model predictions. 
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figure 3-10  Predicted response curve from the stage-wise mixing with discrete flow model for two 
different pulsation conditions (markers). Lines show fit by plug flow with axial dispersion model, 
equation 3-7 with E = 2.8·10-5 m2/s for s = 5 mm and f = 1.31 Hz and E = 1.6·10-4 m2/s for s = 10 mm 
and f = 3.21Hz. Other inputs: plate spacing: 10 mm; Net flow velocity: 4 mm/s; injection at 1m; 
detection at 2.5 m. 

Also the backmixing profiles calculated with the stage-wise backmixing model for a continuous 
tracer feed are fitted well by the dispersion model. Results for intense pulsation at two different 
net flow rates are plotted in figure 3-11 A small discrepancy can be observed at the feed position, 
where the cell concentration in the stage-wise mixing model is somewhat lower compared to the 
point concentration in the axial dispersion fit. This effect is more pronounced for intense 
pulsation conditions or lower net flow rates and results in a slightly lower value of the fitted 
dispersion coefficient in those cases. 
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figure 3-11  Predicted backmixing profile for s = 20 mm, f = 3.5 Hz from the stage-wise mixing with 
discrete flow model for two different net flow velocities (markers), Lines show fit by plug flow with 
axial dispersion model, equation 3-10 with E = 3.5·10-4 m2/s for u = 1 mm/s and E = 3.4·10-4 m2/s for 
u = 2 mm/s. Other inputs: plate spacing: 10mm, continuous feed at axial position=0. 

Fitting the dispersion coefficient to the response curves calculated by the stage-wise mixing model 
for a range of pulsation conditions results in a prediction of the axial dispersion coefficient for 
these conditions. The data plotted in figure 3-12 shows a correlation with pulsation velocity only, 
indicating that the governing parameter is the amount of axial displacement per unit of time and 
is not influenced by the frequency or magnitude of the individual oscillations. The effect of the 
actual peak velocities on the local mixing intensity and associated axial mixing is not included in 
the model.  

0

1

2

3

4

0 20 40 60 80
s f [mm/s]

E 
[1

0-4
m

2 /s
]

s =  5mm
s = 10mm
s = 15mm
s = 20mm

 
figure 3-12  Axial dispersion coefficients fitted from tracer pulse response curves calculated with the  
stage-wise mixing model with discrete flow using equation 3-7. Net interstitial velocity: 2 mm/s, plate 
spacing: 0.01 m. 
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3.4 RESIDENCE TIME DISTRIBUTION STUDIES 
The experimental study of flow patterns in chemical reactors is described extensively in literature. 
Results can be used to verify and refine an existing reactor model or improve the design of the 
reactor if for example poorly mixed zones are found. It should be noted that the method is not 
sensitive in detecting small poorly mixed zones and the use of different techniques, e.g. 
visualization, can provide more information in that case. To illustrate this; the major reason to 
abandon the glass Raschig rings as a packing material for the column was not the poor 
performance in terms of residence time distribution (RTD), but the visual observation that 
awkwardly placed Raschig rings contained a very small poorly mixed volume in which phase 
separation occurred. For a liquid-liquid extraction purpose or a simple first order reaction with no 
risk of degradation, this poorly mixed zone would have remained “invisible” and insignificant for 
the reactors performance. However, for an emulsion polymerization process the separation of 
monomer and the resulting formation of polymer lumps can result in clogging of the reactor. 

It is expected that the sieve plate internals do not suffer from this problem. But, as it would 
remain undetected in RTD studies anyway, the reason for the RTD measurements is not to study 
the possible reduction of poorly mixed volumes, but to characterize the flow non-ideality. The 
experimental RTD measurements were used to validate the mathematical models derived in 
section 3.3 which are needed to predict the reactors performance. 

3.4.1 TRACER-PULSE RESPONSE MEASUREMENTS 

To characterize the performance of the column with sieve plate internals, the RTD behavior was 
investigated for a range of pulsation conditions considered feasible for the use of the column as 
an emulsion polymerization reactor. The experimental method used was similar to the method 
used by Hoedemakers [Hoedemakers, 1990] and consisted of a very short injection of an inert 
tracer, either a salt or a dye, and detecting it at a downstream position. As an improvement, more 
care was taken in positioning the injection and detection points to make sure that the boundary 
conditions were clear. Although some variations existed in the exact experimental methods, in 
general injections were made one or two meters above the entrance of the column and detection 
occurred approximately two meters below the exit of the column, leaving a test section of one or 
two meters. With these experimental conditions it is save to assume that both positions can be 
considered open to axial mixing.  

Since experiments were performed using one detector only, an assumption has to be made 
about the input. The injection time, typically one second, was very short compared to the mean 
residence time over the test section, typically 500 or 1000 seconds. In addition to this, the visual 
observation that the tracer was moving as a plug at a downstream position shortly after the 
injection if moderate pulsation conditions were used confirms that. The input therefore closely 
approximates the Dirac pulse used as an input in deriving equation 3-7, allowing the direct fit of 
the experimental data to this analytical solution of the dispersion model using a non-linear least 
squares fit procedure.  

3.4.1.1 CONDUCTIVITY METHOD 

The simplest method for pulse-response measurements is the use of a strong electrolyte as a 
tracer and a conductivity probe as a sensor. Unfortunately the used set-up of a stainless steel 
column combined with the linking of the conductivity meter to a personal computer caused small 
electrical currents that disturbed the linear response of the conductivity cell at low electrolyte 
concentrations. A correction for this was made by using multiple calibration curves to correlate 
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the signal to a concentration for a typical pulsation condition. The method is described in detail in 
chapter 2. Two typical response curves for moderate and intense pulsation conditions are plotted 
in figure 3-13. In general, the fit between the experimental data and the model is excellent.  

As the pulsation intensity is increased or the net flow rate decreased, the response curve 
changes from a slightly skewed Gaussian curve to a strongly skewed one. The top of the response 
curve shifts forward, however, the surface average mean, that represents the mean residence time 
over the test section, remains at a constant position. The model accurately predicts the changed 
shape of the curve for an increased dispersion coefficient. 

In the non-linear fit procedure four fit parameters were used; an offset to compensate for a 
low KCl concentration in the feed (C0), a variable pre-exponential factor to account for differences 

in the amount of injected tracer (Q/(ε S √4√π)), the average superficial velocity (u) and the axial 
dispersion coefficient (E). 

In principle the pre-exponential factor should be equal for all experiments and variations 
point to differences in injection mass, liquid mal-distribution at the probe or non-linearity in the 
detector’s response. In figure 3-14 the value of the pre-exponential factor is plotted for all 
experiments and, apart from scatter due to variations in injected mass, no trends can be observed.  

The interstitial velocity (u) can be calculated from the imposed net flow rate, the porosity and 
the cross-sectional area of the test section. Since the fitted velocity equals the imposed velocity for 
nearly all experiments, as demonstrated in figure 3-14, it can be concluded that no large poorly 
mixed zones are present. Some scatter is caused by variations in the imposed superficial velocity 
only. 
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figure 3-13  Response curves for two different pulsation conditions. Markers and line represent 
experimental data and model fit respectively. Net interstitial velocity is 2.32 mm/s and the axial 
distance between injection and detection is 2.29 m. The offset is cause by a different base 
concentration. 
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figure 3-14 Left: Fitted pre-exponential factor for all pulsation conditions at the three different net flow 
rates. Right: Fitted average interstitial velocity for all pulsation conditions at the three different net flow 
rates. 

Since the two previously discussed fit parameters show no correlation to the pulsation conditions, 
all the changes in mixing behavior are captured in the dispersion coefficient, E. Together with the 
very good fit between model and experiment for all pulsation conditions this indicates that the 
one parameter plug flow with axial dispersion model gives an accurate description of the axial 
mixing in the column. The relation between the fitted axial dispersion coefficient and the 
pulsation velocity plotted in figure 3-15 is linear in the lower range, shifts somewhat to a higher 
level around a pulsation velocity of 45 mm/s and becomes linear again. 
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figure 3-15  Fitted axial dispersion coefficient versus pulsation velocity for different stroke lengths at a 
net interstitial velocity of 2.32 mm/s 

To investigate if the low net flow velocity contributes significantly to the local mixing, also some 
experiments at different net flow velocities were performed. Results plotted in figure 3-16 show 
that the influence of the net flow velocity on the dispersion coefficient is negligible. The more 
pronounced scatter in the fitted coefficients for the lowest net flow is probably caused by the lower 
sensitivity of the model fit towards E for broad response curves. 
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figure 3-16  Influence of net interstitial velocity on the axial dispersion-pulsation velocity relationship. 

3.4.1.2 UV-VIS ABSORPTION  METHOD 

To check the results of the conductivity method, also a spectroscopic method was used. An in-line 
UV-VIS spectrometer was used to detect the response to a dye injection. Again, the experimental 
data were fitted with the plug flow with axial dispersion model using the four fit parameters 
discussed in section 3.4.1.1. The obtained fit was very good and the dispersion coefficient was the 
only parameter affected by changing pulsation conditions. One exception was observed for an 
experiment in the absence of pulsation, shown in figure 3-17. 
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figure 3-17  Response curve for an experiment in the absence of pulsation at an average interstitial 
velocity of 2.12 mm/s. Markers represent experimental data, lines  the model fit. 
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figure 3-18  Response curves for experiments with minimal and moderate pulsation conditions at a 
net interstitial velocity of 2.1 mm/s. Markers represent experimental data, lines the model fit. 

The early appearance of the peak results in a fitted u considerably higher than the imposed one. 
The long tail and the poor fit indicate that the residence time distribution in this case is the result 
of preferential flow and stagnant zones, characteristic of laminar flow. 

Applying minimal pulsation, e.g. a stroke length of 2 mm at a frequency of 1.3 Hz only, 
results in sufficient radial mixing to eliminate the stagnant zones and the response curve 
becomes almost symmetrical as shown in figure 3-18. In that case the fitted linear velocity equals 
the imposed one and the fit between model and experiment is excellent. 
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figure 3-19  Dispersion coefficient (E) as a function of pulsation velocity (s·f) for different stroke 
lengths (s). E is fitted from pulse-response measurements using the UV method. 

Values of the fitted dispersion coefficient for all pulsation conditions investigated are plotted in  
figure 3-19. In the higher pulsation range, plotted in figure 3-20, the dispersion coefficient varies 
linear with the pulsation velocity for each stroke length. Increasing the stroke length results in an 
upward shift of the curves indicating that also the value of the stroke length has an influence on 
the axial mixing. 
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A plot of the lower pulsation range in figure 3-20 shows the earlier observed linear 
dependence of the dispersion coefficient on the pulsation velocity, except for the very low stroke 
length of 2 mm and to a lesser extent also the stroke lengths of 3 and 3.5 mm. Up to a frequency 
of approximately 2.8 Hz the dispersion coefficient follows the general trend. From that frequency 
onwards, however, the curve increases sharply and a new linear dependence is observed. Applying 
the maximum frequency of 3.2 Hz for a stroke length of 2 mm results in a higher fitted axial 
dispersion coefficient compared to the same frequency and a stroke length of 5 mm 
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figure 3-20  Left: E vs. sf for the higher stroke length range. Lines represent linear fit for specific 
stroke length. Right: Anomalous relation between the E and s·f for s=2 mm 

Since the total axial displacement is smaller in the 2 mm case, this is very much unexpected and 
can only be explained from liquid bypassing that starts if a critical velocity is surpassed. Visual 
observations of the distribution of dye at a position approximately 0.10 m above the injection 
point showed colored “plugs” exiting the holes of the sieve plates on the upward stroke. These 
clouds traveled considerably more than the 2 mm during one upward stroke before disintegrating 
into vortices. Due to the momentum of these liquid elements, the colored wave continued to 
move upwards, even if the net flow reversed. Apart from temporary local concentration 
differences, no overall radial concentration profiles were observed; indicating that the time 
averaged flow was radially well mixed. 

3.4.1.3 MODEL PREDICTION 

In figure 3-21 the data obtained with conductivity and spectroscopic method have been collected. 
Data points obtained at a stroke length smaller than 5 mm have been omitted. Solid lines show 
the best third order polynomial fit for the two data sets, the dotted line is the prediction of the 
stage-wise mixing with discrete flow model of section 3.3.4.  

It is clear that the axial dispersion coefficients determined with the two different methods 
diverge for higher pulsation velocities. A cause for the deviation between the two methods might 
be that the measurements with the UV method were performed using a different pulsator pump 
with a higher maximum stroke length; 47.7 vs 41.6 mm and a more powerful motor. Effectively 
this results in a higher maximum velocity for an equal pulsation velocity and presumably in a 
different mixing behavior. High velocity jets at stroke lengths exceeding the inter-plate distance 



Operational characteristics of a PSPC 57 

might bypass the liquid in the cavity to some extend, effectively resulting in increased axial 
mixing. 

The stage-wise mixing with discrete flows model, used in predicting the axial mixing for a 
given pulsation condition assumes an equal exchange mechanism, independent of maximum 
peak velocities and associated different mixing behaviors, and therefore is unable to predict the 
more than linear increase from a pulsation of 40 mm/s onwards. However, the prediction for the 
pulsation velocities in the range of 5 to 40 mm/s is good and the model can be used very well to 
get an estimate a priori of the flow non-ideality for a given set of operating conditions in that 
range. Also the use of simple algebraic equations makes simulation of the reactors performance 
easy. 
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figure 3-21  Comparison of the fitted axial dispersion coefficient from pulse response measurements 
using the conductivity and UV method with the axial dispersion coefficient predicted by the stage-
wise mixing model. Markers indicate experimental data, straight line a third order polynomial fit and 
the dotted line the prediction by the stage-wise mixing model with discrete flows discussed in 
section 3.3.4. 

3.4.2 INFLUENCE OF VISCOSITY 

Most of the emulsion polymerization reactions performed in our column had a rather low 
(<35 wt%) solid content. For these latices the viscosity is relatively low, generally in the range 1 to 5 
mPas and assuming the mixing behavior to be identical to that of water seems reasonable. An 
industrial application, however, would require much higher solid contents and it is questionable 
whether such latex with inherent higher viscosity still exhibits the same mixing behavior as water. 
To study the effect of viscosity an additional set of experiments was performed. 

To investigate the influence of viscosity on the axial mixing behavior in the column, aqueous 
solutions of carboxy methyl cellulose (CMC) were used. The rheological properties of these 
solutions are very similar to that of latex. At a low CMC concentrations, the liquid behaves 
Newtonian, at higher CMC concentrations the liquid shows a pseudo-plastic behavior. In figure 
3-22 the rheological behavior of the used solutions is plotted. The viscosity at a low shear rate is 
used in referring to a specific CMC solution. 

Viscosity was measured using a spinning concentric cylinder viscometer (Epprecht Rheomat 
15), which was not particular sensitive at low viscosities. The anomalous rise of the viscosity at the 
high shear end of the viscosity measurement is probably caused by vortices forming in the 
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cylinder. The rise was also observed for water, and should not be regarded as real. Viscosity of the 
used solutions was measured every day and the solution was replaced if the viscosity started to 
drop significantly due to hydrolysis or other degradation effects.  
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figure 3-22  Rheological behavior of the used aqueous carboxy methyl cellulose solutions 

During the tracer-pulse response experiments with the 6 mPas solution and with the two highest 
stroke lengths for the 12 mPas solution, the UV-detector was exposed to mechanical vibrations 
from the pulsator and the signal became increasingly noisier with increasing pulsation velocity.  
Although it seemed to be “white” noise, there is some scatter for the axial dispersion coefficients 
fitted from these noisy signals, as is shown in figure 3-23. 

Despite the scatter, it appears that a small viscosity increase from water to 6 mPas and, to a 
lesser extent, 12 mPas results in a small, unexpected, increase of the axial dispersion coefficient 
for a given pulsation velocity, most notably for the higher pulsation velocities.  

A further increase of viscosity results in a decrease of the dispersion coefficient for a given 
pulsation condition, at first mainly for the lower pulsation velocities and, as viscosity is increased 
further, also for the whole range. A striking observation is that the stroke length dependence 
seems to be reversed for the higher viscosity, i.e. a higher stroke length results in a lower 
dispersion coefficient at an equal pulsation velocity. Furthermore, the dependence of the 
dispersion coefficient on frequency for a given stroke length seems to have changed from linear to 
quadratic. 

Operating the column at increased viscosities seems beneficial because of its improved plug 
flow behavior. But, as this reduced axial mixing is probably caused by reduced local mixing, also 
the radial mixing will have decreased. Processes related to this radial mixing like for example heat 
transfer to the reactor wall will be reduced accordingly, limiting for example the maximum reactor 
diameter for isothermal operation. The small diameter of the sieve plate column does not allow 
direct investigation of radial mixing and the influence of viscosity therefore could not be 
quantified. 

The observed effect of increased viscosity has not been published previously and especially 
the small increase of the dispersion coefficient at moderate viscosities is difficult to interpret. The 
decrease of the dispersion coefficient at higher viscosities can more readily be explained from the 
reduced eddy mixing. Liquid moves up and down in laminar plugs without the generation of 
secondary flows and only limited radial and axial mixing occurs. Only for very high pulsation 
velocities, the critical velocity is reached and some vortices are formed again. 
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figure 3-23  Axial dispersion coefficient versus pulsation velocity for different viscosities measured at 
a net flow interstitial velocity of 2.1 mm/s. Lines represents the fitted correlation for all experiments 
performed with water with the UV-method. 
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The increased axial mixing at moderate viscosities could be explained if the process of mixing in a 
sieve plate column is divided into two stages. During the first stage the liquid moves in the 
upward or downward direction and vortices are generated downstream of the sieve plate causing 
the entering liquid to disperse. If the motion reaches its upper or lower extreme this vortex 
generation stops, however, the momentum of the rotating liquid causes the vortices to continue to 
travel somewhat further in the same direction generating further axial dispersion. These two 
stages might show a different sensitivity to an increase in viscosity. If an increased viscosity 
results in a more plug like profile for the liquid entering the next cavity, the lower exchange rate 
will cause entering liquid elements to travel a longer distance. As long as the vortices are formed 
to some extent, the reversal of the motion will cause the liquid to disperse at the end of the stroke. 
If this concept is correct, some bypassing has occurred, resulting in a higher fitted axial 
dispersion coefficient. In principle the concept can be validated by backmixing experiments, 
which can discriminate between the effects of backmixing and bypassing on the fitted axial 
dispersion coefficient, like the experiments performed for water in section 3.4.3. But, since the 
increase of the dispersion coefficient at moderate viscosities is only limited, it is uncertain if 
experimental proof can be obtained. 

3.4.3 BACKMIXING 

Besides standard tracer-pulse response measurements, also a limited number of backmixing 
experiments were performed for water to discriminate whether the backmixing is the result of 
short-circuiting or of true physical backflow [Mecklenburgh and Hartland, 1975] 

At nearly all pulsation conditions some inter-cell backflow will occur because of the very short 
period of the stroke. If the stroke length is reduced, the maximum downward velocity is not 
reduced very much. This is very different from using a true sinusoidal input where the maximum 
velocity is directly proportional to the stroke length as is discussed in chapter 2.  

Quantitative measurements have been performed using the conductivity method and feeding 
an aqueous potassium chloride (KCl) solution at different axial positions downstream of the probe. 
Because of the anomalous behavior for a stroke length of 2 mm, observed with the UV method, 
also some qualitative measurements have been performed by feeding an aqueous dye solution at a 
fixed position downstream of the probe and changing the pulsation conditions.  
Measuring the concentration at different positions upstream from the continuous tracer feed after 
steady-state conditions are reached allows fitting of the u/E coefficient in the exponent of equation 
3-10. In these experiments no concurrent fitting of u and E is possible since multiple sets of u and 
E will generate the same result, therefore u is set equal to the imposed net flow velocity. In 
practice, not the probe but the continuous feed was moved to different axial positions. After a 
change in position, sufficient time was allowed for the response signal to become steady.  

In figure 3-24 the measured backmixing profile is plotted for four different pulsation 
conditions. The lines show the fit to equation 3-10. The profiles show that physical backflow 
occurs and that the backmixing increases with increasing pulsation velocity.  
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figure 3-24  Backmixing profiles for different pulsation conditions at a net interstitial velocity of 
0.73 mm/s 

A plot of the dispersion coefficients fitted from the backmixing experiments in figure 3-25 shows 
they agree with the fitted dispersion coefficients from the tracer-pulse response measurements. 
An important conclusion from this agreement is that the deviation from plug flow is the result of 
true physical backflow and not from incomplete radial mixing and segregated flow. The 
dispersion coefficient therefore can be used to calculate axial mixing of components mixing down- 
and upstream in the column. 
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figure 3-25  Comparison of the dispersion coefficients from backmixing experiments with tracer-
pulse response measurements for the conductivity method 

After noticing the unexpected stroke frequency dependence of the axial dispersion coefficient for 
a stroke length of 2 mm, see figure 3-20, also some qualitative measurements were performed 
using a continuous dye feed downstream of the UV probe. The light absorbance is plotted versus 
time in figure 3-26 for an experiment started at a stroke length of 2 mm and stepwise changing 
the frequency of pulsation. At approximately 18000 seconds, the stroke length was changed to 5 
mm resulting in a much higher backmixing. 
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figure 3-26  Influence of stroke length and stroke frequency on backmixing. Axial distance probe - 
continuous feed was 0.1 m; net interstitial velocity: 2.1 mm/s; feed rate dye solution: 0.11 ml/s using 

an accurate ISCO continuous volume displacement pump; concentration dye solution: 0.77 wt%. 

Despite the low concentration of dye, the absorbance downstream of the feed point was far 
beyond the linear range of the detector and no quantitative observations can be made for the 
amount of backmixing, except that it is rather limited at these stroke lengths. The absorption 
levels 0.1 m upstream of the probe, plotted in figure 3-26, are within the linear range of the 
detector and a quantitative comparison between the different pulsation conditions can be made. 

For the stroke length of 2 mm it appears that backmixing becomes noticeable at a frequency 
of 2.24 Hz, and increases considerably up to the maximum frequency of 3.21 Hz. The level of 
backmixing for these pulsation conditions is comparable to that for a stroke length of 5 mm and a 
frequency of 1.31Hz. It is interesting to note that both pulsation conditions have an equivalent 
pulsation velocity and therefore an almost equivalent displaced liquid volume per unit of time. 
Backmixing at a frequency of 3.21 Hz for the stroke length of 5 mm is considerably higher. 

Comparing these results with those collected in figure 3-20, the backmixing for 
2 mm/3.2 Hz case is considerably lower than what would be expected from the fitted dispersion 
coefficient from the tracer-pulse response measurements. From this dispersion coefficient an 
equivalent backmixing compared to the 5 mm/3.21 Hz case would be expected. A possible 
explanation is that, even though the displaced volume is lower for the high frequency/low stroke 
length case, the axial distance traveled by some liquid elements is equivalent or even higher and 
liquid bypassing occurs. As a consequence, the radial averaged flux of tracer resulting from 
pulsation in this case will be considerably lower than for a stroke length of 5 mm. This results in a 
lower “mixed” concentration measured by the probe in the backmixing experiments. The sharp 
increase of the fitted dispersion coefficient from the tracer-pulse response measurements for the 
2 mm case therefore can be considered as a breakdown of the radial uniformity assumption of the 
one dimensional plug flow with axial dispersion model and these values of E should not be used 
in quantifying the axial mixing. 
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3.5 RTD PERFORMANCE OF OTHER INTERNALS 
The purpose of internals in an oscillatory flow reactor is to convert the oscillatory motion into 
radial mixing to improve heat and mass transfer at low net flow velocities. Different types of 
internals will result in different mixing behaviors and therefore in a different reactor 
performance. To compare RTD studies for different types of internals, literature data were 
recalculated to dispersion coefficients and pulsation velocities. 

3.5.1 RASCHIG RINGS (HOEDEMAKERS) 

Experimentally determined axial dispersion coefficients for a Pulsed Packed Column with Raschig 
rings were fitted by Hoedemakers [Hoedemakers, 1990] to an equation proposed by Göebel 
[Goebel et.al., 1986]. 
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The packing diameter is represented by dr, ϕ1, ϕ2 and κ2 are fitted coefficients. Equation  
3-22 takes into account the axial dispersion resulting from mixing caused by net flow and mixing 
caused by the oscillatory flow in the first and second term, respectively. Axial dispersion resulting 
from the radial laminar velocity profile is accounted for in the third term. The first and third term 
become increasingly less important as the pulsation velocity increases. A plot of this equation for 
the packing used by Hoedemakers is shown in figure 3-27. 

For the Raschig ring packing a stroke length dependence was observed for lower values of s. 
This was explained as the result of incomplete mixing of liquid elements trapped inside the rings. 
For stroke lengths exceeding the ring diameter the dispersion is determined by the pulsation 
velocity only. It is interesting to note that the dispersion coefficients observed for a PSPC with a 
plate spacing of 9 mm are almost identical to the coefficients in a packed bed with 10mm Raschig 
rings for values of s>dr. Apparently, the vortices resulting from the pulsation are similar in both 
cases. The lower values of E for the smaller Raschig rings could be explained from a limitation of 
the vortex size because of the smaller cavity size, resulting in less axial mixing. 

The characteristic minimum, observed at low pulsation velocities for Raschig rings, resulting 
from the reduction of the radial velocity profile if pulsation is increased, is not observed for the 
sieve plates. Since sieve plates are generally applied for flow redistribution, it might very well be 
that the radial velocity profile is not as pronounced as in a packed column where a lot of 
(longitudinal) surface area is present. An additional reason for the decrease in E in the Raschig 
ring column could be the enhanced exchange between the bulk flow and liquid in dead-end 
pockets of awkwardly stacked Raschig rings, e.g. hole perpendicular to the flow direction, if the 
pulsation is increased from zero. 
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figure 3-27  Comparison of axial dispersion coefficient versus pulsation velocity for sieve plates 
internals and Raschig ring packing with a diameter of 6mm (left) and 10mm (right). Markers 

indicate data for Raschig rings, calculated with equation 3-14 with ϕ2=0.2+0.32(s/dr) and ϕ2,max =0.6. 

For dr=6mm; ϕ1=0.40, κ2=0.64. For dr=10mm; ϕ1=0.24, κ2=0.42. Coefficients fitted by 
Hoedemakers from RTD measurements for these two types of packing in a reactor with a diameter 
of 52 mm. Lines indicate fits for the experimental data in the PSPC using either the UV or 
conductivity method. 

3.5.2 BAFFLES 

In the oscillatory baffled reactor (OBR) mixing is induced by vortices generated from flow 
separation at the sharp edges of orifice type baffles inserted perpendicular to the direction of flow. 
The oscillatory motion causes a large-scale circulation in each inter-baffle cavity and generates 
very efficient center-to-wall mixing. The large-scale vortex causes backmixing within each inter-
baffle cavity and the physical backflow between each inter-baffle cavity causes further axial 
dispersion. 

Results from RTD studies in OBRs [Dickens et.al., 1989, Howes and Mackley, 1990, 
Stonestreet and van der Veeken, 1999] were translated to axial dispersion coefficients and are 
plotted in figure 3-28, figure 3-29 and figure 3-30. The axial dispersion coefficient was available 
directly from the data of Dickens and Howes. For the data of Stonestreet, E was calculated from 
the fitted equivalent number of tanks (N) using E = 0.5 u L/N, with L as the length of the reactor. 
The large equivalent number of tanks, ranging from 15 to 80, makes the use of this correlation 
reasonably correct. A drawback of using the tanks in series model to describe the mixing in the 
column is that is restricted to whole numbers, which makes data fitting somewhat less accurate. 
Furthermore, a closer look at a fitted response curve in the article of Stonestreet (not shown) 
reveals that, although the fit is reasonable, the experimental response curve is more skewed than 
the fitted curve and that in principle the model is not valid since it neglects the axial mixing 
resulting from backflow. 
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figure 3-28  Converted data from Dickens et.al. [1989], column diameter (D)=23mm, orifice diameter 
(d) =13mm, baffle spacing (l) = 1.15 D = 30mm, column length (L) = 2.5m. Lines indicate fits for the 
experimental data in the PSPC using either the UV or conductivity method. 

Howes used the backflow ratio of the stage-wise backmixing model to fit the response curves and 
applied an approximation given by Mecklenburgh [Mecklenburgh and Hartland, 1975] to convert 
this into a dispersion coefficient. The experiments of Dickens were evaluated through a method of 
moments and the variance was used in calculating E. 
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figure 3-29  Converted data from Howes et.al. [1990], column diameter (D)=51mm, orifice diameter 
(d) = 0.32mm, baffle spacing (l) = 1.5 D = 76.5mm, column length (L) = 2.5m. Lines indicate fits for 
the experimental data in the PSPC using either the UV or conductivity method. 
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figure 3-30  Converted data from Stonestreet et.al. [1999], column diameter (D)=24mm, orifice 
diameter (d) = 0.12mm, baffle spacing (l) = 1.5 D = 36mm, column length (L) = 2.9m.  

In all three cases the axial dispersion coefficient observed for the baffles is significantly higher 
than for our sieve plates. Information about the influence of column diameter on the axial 
dispersion can be obtained by comparing the experiments of Howes with those of Dickens and 
Stonestreet. At low pulsation velocities only a limited difference between the experiments exist, 
however in the higher range the dispersion coefficient appears to be a factor two higher at an 
equivalent pulsation velocity for the tube with a twofold larger diameter. Effectively, the 
determining parameter might not be the column diameter but rather the baffle spacing, which 
was scaled proportional to the column diameter. 

3.5.3 SIEVE PLATES 

Axial mixing in pulsed sieve plate columns (PSPC) and reciprocating plate columns (RPC) has 
been investigated extensively because of its negative effect on the number of transfer units in 
liquid-liquid extraction. An important difference between the sieve plate internals used in this 
study and the sieve plate internals used in liquid-liquid extraction columns is that in general the 
sieve plate spacing in the extraction columns is considerably larger. Another difference is that the 
applied stroke length in the extraction columns is small compared to the plate spacing.  

Stevens [Stevens and Baird, 1990] investigated the influence of plate spacing on the observed 
axial mixing in an RPC. He developed a two-zone model comprising of a well-mixed region 
through which the plate sweeps and a poorly mixed region between the sweeping zones of 
subsequent plates. In the first region the dispersion coefficient is very high and this region can be 
considered perfectly mixed in an axial direction. The second region shows a constant low 
dispersion coefficient and is a result of vortices shed from the plate. The overall dispersion 
coefficient is the result of the local mixing in the subsequent zones and is of the form 1/Eoverall = 
a/Ea + b/Eb with a and b indicating the volumes of the well and poorly mixed zones, respectively. 

Often a linear correlation between the overall dispersion coefficient and s f is found, 
sometimes also a quadratic dependence on pulsation amplitude is observed. The latter can be 
interpreted as the result of a reduction of the length of the poorly mixed zone. Increasing plate 
spacing at equal pulsation conditions has the opposite effect and results in a reduction of the 
overall dispersion coefficient. Reducing the hole diameter at equal plate free area also results in a 
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considerable reduction of the overall dispersion coefficient, presumably because the smaller 
vortices do not extend as far into the inter-plate region. For counter current extraction 
applications, the presence of a relatively calm zone might be beneficial since the droplet size will 
increase through coalescence. The resulting increased velocity of the dispersed phase will prevent 
flooding of the column. For an application of the column as a reactor, the presence of calm zones 
will result in a local reduction of not only axial, but also radial, heat and mass transfer and is not 
considered beneficial. 

Recently, also some data on the performance of a sieve plate column with a high plate spacing 
for emulsion polymerization reactions has been presented by Palma [Palma et.al., 2001b, Palma 
et.al., 2001a]. They also performed RTD measurements in order to characterize the flow non-
ideality [Palma and Giudici, 2001]. Experimental data for three different plate spacings are plotted 
in figure 3-31. At low pulsation velocities the dispersion coefficients for all plate spacings are 
considerably higher compared to our sieve plate column but they do not seem to increase as much 
with pulsation velocity, presumably because the local mixing and the dispersion coefficient in the 
poorly mixed zones show only a limited change with increased pulsation velocity. This is not 
considered beneficial since it limits the control of mixing throughout the column and might 
result in local heat and mass transfer limitations. Palma also investigated the influence of 
viscosity on the axial dispersion coefficient in the range of 1 to 10 mPa·s but no clear trend was 
found. 
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figure 3-31  Axial dispersion coefficients measured for a pulsed sieve plate column with high plate 
spacing [Palma and Giudici, 2001]. Column length: 2.4 m, diameter: 39.6 mm; Plate spacing (h): 
25, 50 and 100 mm; hole size: 3 mm in triangular arrangement; free area: 22% Investigated stroke 
lengths (s): 5, 10, 15, 20 and 25 mm 

3.5.4 UNIFICATION OF DATA 

Observing the inverse effect of baffle spacing and packing diameter on the axial dispersion 
coefficient in the OBR and PPC with Raschig ring respectively, it suggests that the distance over 
which axial mixing can occur is a critical design parameter. If the dispersion coefficients are 
divided by the baffle spacing (l) or packing diameter, figure 3-32 is obtained. Data points at low 
pulsation velocities show considerable scatter and do not seem correlated, however, at a higher 
pulsation velocity the data approaches the fitted curves for our sieve plates internals. 
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The reason for the poor correlation at low pulsation velocities is twofold. For the OBR, the 
neglect of the contribution of an in general considerable net flow to local mixing is not allowed. 
Secondly, the fitted axial dispersion in this range is a result of incomplete intra-cell mixing in the 
OBR, as stated by Howes [Howes and Mackley, 1990]. Comparing the fitted backflow parameter 
with the calculated physical backflow resulting from oscillation, Howes showed that complete 
mixing within an inter-baffle cavity is only obtained at the highest pulsation velocity he applied. It 
therefore does not seem coincidental that only that data point is on the fitted line for the PSPC. 
The data of Stonestreet show the expected contribution of net flow at the low pulsation velocities 
and start to fit the curves very well for pulsation velocities from 15 mm/s onwards. Dickens’s data 
show a lot of scatter, probably caused by the used experimental method and the application of the 
method of moments in analyzing the response curve, but for the higher pulsation velocities also 
some correlation can be observed. From figure 3-32 it can be concluded that the axial mixing for a 
certain pulsation condition is correlated to the number of mixing cavities, making that a critical 
design parameter. 
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figure 3-32  Comparison of the axial dispersion coefficient per characteristic length for sieve plates, 
Raschig rings and baffles. Lines indicate the correlations observed for the PSPC, triangles indicate 
the fit for the 10 and 6 mm Raschig rings and the other markers indicate the experimental values 
for baffled tubes with different tube diameters. The characteristic length is taken as the sieve plate 
spacing, packing diameter and baffle spacing respectively. 

The different RTD behavior of the sieve plate column studied by Palma, where no inverse 
relationship of the axial dispersion coefficient and plate spacing is observed, seems to contradict 
the above conclusion. However, in that case the axial mixing probably is not restricted by the plate 
spacing but by the maximum vortex size ejected by the 3 mm holes. 

3.5.5 CONCLUSION 

The observed dependence of the axial dispersion coefficient per unit of characteristic length on 
pulsation velocity for our sieve plate internals is in good accordance with data obtained for 
Raschig rings and baffled tubes. The minimum in the axial dispersion coefficient versus pulsation 
velocity curve which is present for Raschig rings and baffles is not observed for our sieve plates, 
presumably because radial velocity profiles are less pronounced. The equivalent RTD 
performance and the absence of poorly mixed zones make our PSPC a better alternative to the 
PPC with Raschig rings.  
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It is expected that the local mixing events for a certain pulsation condition in our sieve plate 
column are determined by hole size, free surface area and plate spacing only and not by the 
column diameter. This should be investigated experimentally, and, if confirmed, offers a major 
advantage compared to an OBR, since it effectively decouples the cavity length from the reactor 
diameter. For the OBR, in order to keep the number of mixing cavities constant, the column 
length has to be increased linearly with the column diameter. Even if this rule is obeyed, the 
changed net and pulsation velocity will change the local mixing conditions, possibly resulting in 
scale-up problems. 

A major advantage associated with oscillatory flow mixing is that the local mixing can be 
controlled independently from the net flow conditions. For the OBR the optimal point of 
operation is generally considered to be at minimum axial dispersion. Since the minimum in axial 
dispersion is a balance between reduced radial velocity profiles and increased axial mixing [Howes 
and Mackley, 1990], the local mixing will not be excellent. Furthermore, if a column is designed 
using this criterion for a process requiring a certain residence time, local mixing and RTD 
performance, it will not be suited for a process requiring an equivalent RTD performance at an 
increased residence time or enhanced local mixing. Moving away from the minimum requires a 
much larger number of mixing stages for equivalent overall RTD performance. For an OBR this 
can only be obtained in a small diameter, long reactor, in a PSPC this can easily be attained by 
inserting a large number of sieve plates in a relatively short reactor. Since emulsion 
polymerization requires relatively long residence times, good local mixing, no poorly mixed 
volumes and a fairly close approximation of plug flow to get the desired product properties, the 
most suited internals for a relatively short reactor are sieve plates. 

3.6 HEAT TRANSFER 
Heat transfer in a tubular reactor at low net flow velocities is poor because in the laminar flow 
regime heat is only transferred radially by conduction. At sufficiently high flow velocities, the flow 
becomes turbulent and the good radial mixing provides a convective radial heat transport 
mechanism, resulting in a much improved heat transfer. In an oscillatory flow reactor, the local 
mixing conditions are mainly determined by the stroke length and frequency of the oscillatory 
displacement and good radial mixing and heat transfer can be obtained at low net flow velocities.  

For the design and operation of an oscillatory flow reactor it is important to know the 
influence of the pulsation conditions on the heat transfer performance of the reactor to be able to 
predict and control axial temperature gradients. Only a limited amount of data is available on heat 
transfer in oscillatory flow reactors. In the experiments by Mackley, heat transfer in an OBR was 
investigated [Mackley et.al., 1990, Mackley and Stonestreet, 1995], in the experiments by Meuldijk 
en ter Schegget Raschig rings were used [ter Schegget, 1996, Meuldijk and German, 1999]. The 
types of internals and pulsators used in those experiments were very different from our reactor. 
Therefore, to obtain an estimate of the performance of the PSPC, steady state heating experiments 
were performed. 

3.6.1 INFLUENCE LOCAL MIXING ON AXIAL TEMPERATURE PROFILE 

The effect of local mixing on the local temperature is twofold. Increased mixing reduces the radial 
temperature gradients in the bulk of the liquid and improves heat transfer to the reactor wall. 
Because of this improved radial transport, axial temperature gradients will be reduced. Increased 
local mixing will also result in an increased axial dispersive transport of heat and therefore further 
reduce axial temperature gradients. It is important to note that the temperature at a certain 
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position in the column in the absence of reaction is the result of heat transfer through the reactor 
wall, convective transport and dispersive transport of heat from up- and downstream in the 
column, see figure 3-33. 

 

time-averaged convective transport 

dispersive transport 

transfer to the jacket 
 

figure 3-33  Heat flows in a tubular reactor with axial dispersion 

3.6.2 FITTED HEAT TRANSFER COEFFICIENTS 

To measure the overall heat transfer coefficient, heating experiments were performed in 
continuous flow operation at a fixed net flow velocity and multiple pulsation velocities. Compared 
to heating and cooling experiments in the absence of net flow, continuous flow operation offers 
the advantage that a steady state is obtained. The constant local temperatures eliminate the need 
for estimating the heat capacities of the wall and internals. 

The jacket was set at a fixed temperature and the high flow rate through the jacket resulted in 
a limited axial temperature gradient over the jacket. Temperatures inside the column were 
measured at five axial positions. Dimensionless temperatures are plotted for some typical 
pulsation conditions in figure 3-34. 

The deviation from plug flow makes the use of a standard logarithmic mean temperature 
difference (LMTD) approach, as applied by Mackley et.al. for their OBR, incorrect and results in 
an underestimate of the heat transfer coefficient. In their case, the temperature of the liquid 
entering the column was measured far enough upstream from the start of the jacketed section in 
an insulated part of the column, so the total amount of heat transferred will be estimated 
correctly. The driving force, however, will be overestimated since the temperature at the 
beginning of the jacketed section will have changed somewhat through axial dispersion of heat 
from downstream positions. Since they applied a fairly high net flow and limited pulsation, 
physical backmixing will not occur to a very large extent and the error in their calculated heat 
transfer coefficients is estimated to be smaller than 20% 

Backmixing occurs in our set-up to a much larger extent and, for an accurate calculation of 
the heat transfer coefficient, it has to be taken into account. As an improved alternative to the 
LMTD approach, the temperature profile of figure 3-34 can be interpolated and a numerical 
integration with the heat transfer coefficient as a fit parameter could be performed. Since in our 
case the axial mixing is well predicted by the stage-wise mixing with discrete backflow model, a 
different method was used. The heat transfer to the reactor wall was included in the balances of 
figure 3-8 and the modified model was fitted to the axial temperature profile with the heat transfer 
coefficient as the only fit parameter. The fitted curves are plotted in figure 3-34. 
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figure 3-34  Examples of axial temperature profiles in a PSPC for the heating of a cold feed. Average 
temperature of the jacket (Tj) was 64 °C and assumed constant in the axial direction, temperature of 
the feed entering the column (Tf,) was approximately 20 °C, Tz is the temperature at position z, 
measured in the center of the column, the total length of the column (L) was 5 m. Lines represent fits 
to the stage-wise mixing model with stroke length (s), frequency (f) and net flow velocity (u) of 4.55 
mm/s as inputs and the overall heat transfer coefficient (U) as a fit parameter. 

The fitted overall heat transfer coefficients, plotted in figure 3-35, increase with pulsation velocity 
until a certain plateau is reached. Since the plateau value of the overall heat transfer coefficient is 
dependent on the flow rate through the jacket it can be concluded that transfer on the jacket side 
is the limiting factor. This was confirmed by estimates of the partial heat transfer coefficient on 
the jacket side from the used flow rates.  
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figure 3-35  Left: Overall heat transfer coefficients for three different flow rates through the jacket.  
Right:  Partial heat transfer coefficient at the inside of the PSPC as a function of pulsation velocity. 

Even though the overall heat transfer coefficient remains nearly the same for pulsation velocities 
higher than 30 mm/s, increasing the pulsation velocity still results in a different axial temperature 
profile, as is shown for stroke lengths of 10 and 20 mm in figure 3-34, because the magnitude of 
axial dispersive heat transport still changes. 
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Because of the limiting heat transfer resistance at the jacket side, the heat transfer coefficient 
could only be determined up to a pulsation velocity of 25 mm/s. Since the resistance against heat 
transfer on the jacket side and in the reactor wall will not be influenced by changing pulsation 
conditions, the factor D ln(Dj/D)/(2kw) + D/(Dj hj) can be determined from the plateau value of 
the overall heat transfer coefficient U, which, based on the inner diameter, is defined as: 

jjw

j

i h D
D

2k
/D)(Dln D

h
1

U
1

++=   Eq. 3-23 

with D as the inside reactor diameter, Dj as the outside reactor diameter, kw as the heat 
conductivity coefficient of the wall and hi and hj as the partial heat transfer coefficients on the 
inside of the reactor wall and the jacket-side, respectively. Using equation 3-23, the partial heat 
transfer coefficient at the inside of the reactor can be calculated from the measured overall heat 
transfer coefficient. The trend plotted in figure 3-35 shows that the heat transfer coefficient 
increases strongly with pulsation velocity, similar to the observation for an OBR as reported by 
Mackley et.al..  

Calculating the heat transfer coefficient for water from the Nusselt numbers in the papers 
published by Mackley et.al. for an OBR, results in a hi varying from 1 to 5 kW m-2 K-1 for a 
pulsation velocity ranging from 20 to 130 mm/s. The hi of 15 kW m-2 K-1 at a pulsation velocity of 
20 mm/s in our experiments shows that the heat transfer is much improved by using sieve plates 
instead of baffles. This increase by one order of magnitude is presumably the result of enhanced 
local mixing caused by the smaller and more intense vortices. These more intense vortices are the 
result of the smaller hole size and the different type of oscillation. Also the presence of a small 
annular space between the sieve plate and the reactor wall might be of importance since it helps 
directing flow and vortices towards the boundary layer, effectively refreshing it more intensely.  

The heat transfer coefficients are also more than one order of magnitude larger than those 
reported for a PPC with Raschig ring packing [ter Schegget, 1996] [Meuldijk and German, 1999], 
which can be understood from the improved radial mixing and the more vigorous shape of the 
applied pulse in our experiments. 

Although the heat transfer limitation on the jacket side makes the accuracy of the partial heat 
transfer coefficient on the inside somewhat uncertain for the higher pulsation velocities, the high 
value even at low pulsation velocities indicates that the vortices generated by the oscillatory 
motion are very effective in reducing the boundary layer thickness. From the observation that 
tracer particles exhibit a very fast transverse motion, traveling form one side to the other in only a 
few strokes, the radial temperature profile can expected to be negligible for this size of column. It 
would be very interesting to study the effect of an increased reactor diameter on this radial 
mixing. 

To check if the experimental values for the heat transfer coefficient are reasonable, a rough 
estimate for the heat transfer coefficient on the inside can be made from heat penetration theory. 
Assuming that the boundary layer is completely refreshed twice during each cycle of oscillation, 
the heat transfer coefficient can be estimated from equation 3-24.  

tπ
ρck

2h p
i =  Eq. 3-24 

Taking the penetration time (t) to be half the period of oscillation, heat conductivity of the liquid 

(k) as 0.6 W m-1 K-1, heat capacity (cp) as 4.2 kJ kg-1 K-1 and density (ρ) as 1000 kg m-3, for a 
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maximum stroke frequency of 3.2 Hz a heat transfer coefficient of 4.5 kW m-2 K-1 is calculated. 
This value is of the right order of magnitude, albeit somewhat on the low side. Also the effect of 
stroke length, which is clearly noticed experimentally, is not included. The assumption that the 
boundary layer is only refreshed twice per oscillation cycle apparently is too coarse. This correlates 
well with the observation that, even if the pulsator is at rest in between strokes, highly chaotic 
mixing continues. 

3.7 EMULSIFICATION 
Calculating droplet size distributions for monomer-water emulsions containing emulsifier as a 
function of local energy dissipation is difficult since many parameters are not known. Taking a 
more empirical approach, Kemmere has shown that a visually determined minimum stirrer speed 
for complete mixing of the monomer and water layer is a good criterion for intrinsic batch 
emulsion polymerization [Kemmere, 1999, Kemmere et.al., 1999b].  

For pulsed columns some correlations exist in predicting the droplet size distribution for 
monomer-water emulsions [Pereira, 2001]. However, the different energy dissipation 
distributions resulting from different packing geometries as well as the very different physical 
properties of an emulsion polymerization mixture compared to the systems studied by Pereira 
make the validity of such correlations doubtful. For this reason, an analogous approach to that of 
Kemmere was applied in determining the minimal pulsation velocity for sufficient emulsification 
for styrene-water-emulsifier systems, identical to those used in our emulsion polymerization 
experiments for the preparation of seed latex, albeit at a somewhat lower temperature of 65°C. 

Because of the very high length to diameter ratio and the limited axial mixing, the 
experiments were not started with two separate layers being on top of each other as in the batch 
experiments performed by Kemmere, but in continuous mode with the inhibited styrene, water 
and emulsifier entering the reactor at the bottom. Sometimes the mixture was emulsified prior to 
feeding it to the column by passing it through a small stirred vessel. 

After approximately 1.5 mean residence times, the net flow was stopped whilst pulsation 
continued. The emulsion was monitored visually for macroscopic phase separation. No 
macroscopic phase separation was observed within a waiting period of 30 minutes for any of the 
pulsation conditions and feeding modes. Samples taken at the beginning and end of the waiting 
period showed macroscopic phase separation approximately 5 minutes after they were taken from 
the column with a clear water layer forming at the bottom. The top monomer layer remained 
opaque, even after days. The height of the separated water layer for samples taken at the top and 
the bottom of the column at both the start and end of the experiment was the same, indicating 
that the emulsified droplets were small enough to have no appreciable terminal upward velocity in 
the column. No influence of pre-emulsifying was observed, showing that the mixing in the 
column is well capable of quickly breaking-up monomer droplets. 

Only for the lowest pulsation velocity investigated; a stroke length of 5 mm and a stroke 
frequency of 1.3 Hz, some different visual observations were made at the end of the experiment. 
During the displacement of the monomer-water emulsion with a water-emulsifier solution a 
small amount of emulsion remained attached to the glass in a narrow circular band in the middle 
between two sieve plates after the rather sharp front of clear emulsifier solution had passed. The 
band slowly disappeared within a minute after the passing of the front, indicating that a lower 
level of mixing still took place at that specific axial position on the wall, but insufficient to refresh 
the liquid quickly. It is not clear if this is a result of a specific interaction of the styrene emulsion 
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with the glass wall, or if this phenomenon also takes place in the stainless steel part of the 
column.  

Performing an emulsion polymerization experiment at a stroke length of 5 mm and a stroke 
frequency of 1.3 Hz resulted in a normal conversion-space curve and no fouling, so it is uncertain 
if the semi-stagnant zones are also present in a reacting system. In these semi-stagnant zones 
wall polymerization could occur. Therefore, a safe choice of minimal pulsation conditions would 
be a stroke length of 5 mm and a stroke frequency of 3.2 Hz for which no semi-stagnant zones 
were observed. 

3.8 PRESSURE FLUCTUATIONS 
Local (peak) energy dissipation and shear rates are important parameters for heterogeneous 
systems since they determine the droplet size distribution of the dispersed phase. The values and 
spatial distributions of these energy dissipation and shear rates are determined by the combined 
effect of the type of internals and the choice of pulsation conditions, offering a much larger degree 
of flexibility compared to a traditional tubular reactor. To operate the reactor successfully for a 
particular emulsion polymerization recipe, the shear rates or energy dissipation do not have to be 
known. Taking an empirical approach, like the one used in determining the minimal pulsation 
velocity for sufficient emulsification in section 3.7, the operating window can be determined for a 
particular recipe. However, to facilitate the transfer from for example batch processes to the PSPC 
and to compare the performance of different types of internals and pulsation methods, it is 
important to establish quantitative correlations between energy dissipation and pulsation 
conditions. 

From the dynamic pressure drop over a section of the reactor it is possible to calculate the 
average energy dissipation rate in pulsating columns [Jealous and Johnson, 1955]. This method 
has been applied for Raschig rings, Sulzer SMV internals [Hoedemakers, 1990] and baffled tubes 
[Mackley and Stonestreet, 1995, Baird and Stonestreet, 1995] and a similar approach was applied 
to obtain energy dissipation rates for the used sieve plate internals. 

In the case of a smooth oscillatory displacement, like the sinusoidal input applied by Mackley 
and Baird, the phase shift between the displacement and the dynamic pressure drop allows 
discrimination of the pressure drops resulting from inertial and frictional forces. For a 
discontinuous displacement profile like obtained from a liquid displacement pump operating at a 
sub-maximum stroke length, the sudden acceleration of the liquid from rest to a certain velocity 
causes a major pressure pulse in the system, making qualitative measurements difficult. This was 
overlooked by Hoedemakers in the evaluation of the dynamic pressure drop experiments for 
Raschig rings and Sulzer SMV-DN50 internals and is probably the reason for the stroke length 
dependence of the fitted coefficients describing the inertial and frictional pressure drop. The 
wrong assumption of a sinusoidal velocity profile in the calculation of the average energy 
dissipation at low stroke lengths results in an underestimation of the energy dissipation since the 
actual peak velocities will be considerably higher at these lower stroke lengths. 

Compared to the pulsator unit used by Hoedemakers, our pulsator has a much higher 
maximum stroke length and is generally operated at only 10 to 20% of its maximum value. For 
these conditions the effect of the discontinuous displacement profile results in even higher 
pressure pulses at the start of the oscillatory motion, see figure 3-36, making the measurement of 
the dynamic pressure drop resulting from frictional forces impossible for these conditions. It 
seems that the oscillation in the pressure just above the pulsator is the result of reflections of the 
pulse, continuing even after the pulsator is at rest again after approximately 0.05 seconds. 
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Increasing the stroke length up to half the maximum stroke length increases the initial pressure 
pulse. Additionally, also the frictional part during the up and downward movement becomes 
visible in figure 3-37. A further increase of the stroke length to more than half the maximum 
stroke length results in a decrease of the initial pressure pulse until it is absent if the stroke length 
is set to the maximum value, see figure 3-38. 
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figure 3-36  Pressure-time profile at the bottom of the column for s = 5 mm, f = 3.2 Hz and an 
absolute pressure at the top of the column of 2.7 bar. Pulsator: LK-B54 
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figure 3-37  Pressure-time profile at the bottom of the column for s = 20 mm, f = 3.2 Hz and an 
absolute pressure at the top of the column of 2.7 bar. Pulsator: LK-B54 
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figure 3-38  Pressure-time profile at the bottom of the column for s = 47.7 mm, f = 3.1 Hz and an 
absolute pressure at the top of the column of 2.7 bar. Pulsator: LK-B54 

Since direct measurement of the frictional pressure drop at lower stroke length was obscured by 
the inertial pressure pulse, an estimate for the energy dissipation could only be made at full stroke 
and multiple pulsation frequencies. The phase shift between the pressure drop and the pulsation 
velocity is limited and the contribution of inertia therefore was neglected in estimating the 
frictional contribution. In figure 3-39 the measured maximum pressure drop is plotted as a 
function of maximum velocity during an oscillatory cycle. 
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figure 3-39  Maximum pressure drop versus maximum velocity during an oscillatory cycle over a 
test section of 4.5 m for a maximum stroke length of 47.7 mm and different frequencies in our 
PSPC with the LK-B54 pulsator (markers). As a reference the frictional pressure drop determined 
for a 10mm Raschig ring packing at a maximum stroke length of 14 mm is also plotted (line) 
[Hoedemakers, 1990].  

From the maximum pressure drop during the cycle a maximum momentary volume average 
energy dissipation can be calculated [Hoedemakers, 1990]: 
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If the peak energy dissipation is calculated for the maximum stroke length and stroke frequency, 
a value of 21.5 W/kg is found, an order of magnitude larger than what is generally used in the 
impeller zone of a stirred vessel. Applying the maximum stroke length and frequency clearly is 
not required to obtain sufficient mixing. 

Unlike reducing the stroke frequency, reducing the stroke length will not proportionally 
reduce the maximum velocity during the cycle, as is discussed in section 2.2.4. This offers the 
possibility in manipulating the maximum energy dissipation without changing the pulsation 
velocity (s·f). Since it was shown that the RTD performance of the reactor depends only on the 
product of the stroke length and frequency, irrespective of the individual values of the two 
parameters, a different local mixing behavior can be obtained without changing the overall axial 
mixing behavior. 

The lower frictional pressure drop for the sieve plates compared to the Raschig rings for a 
given maximum velocity in figure 3-39 indicates a lower mixing intensity and possibly the need 
for a higher maximum velocity to obtain sufficient emulsification. Because of the higher 
maximum stroke length of the pulsator unit used in the sieve plate experiments, this maximum 
velocity can be obtained at a lower pulsation velocity. At this lower pulsation velocity axial mixing 
is reduced and in the PSPC plug flow could be approximated more closely compared to the PPC.  
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3.9 CONCLUSION 
Some important correlations linking performance to operating parameters have been established 
for the newly designed pulsed sieve plate column (PSPC). Compared to different internals or 
packing, the sieve plates show an improved performance with respect to the plug flow behavior, 
heat transfer performance and local mixing intensity. Part of the improvement has also resulted 
from the use of a different pulsator unit that generates short and intense pulses resulting in 
higher maximum velocities at limited axial displacements.  

An alternative to the plug flow with axial dispersion model has been developed that enables 
direct linking of the pulsation parameters to the overall reactor performance for pulsation velocities 
considered feasible for emulsion polymerization. The discrete nature of the model allows the use 
of analytical mass balances to predict the transient behavior of the reactor to process changes and 
is a useful tool in predicting both the steady-state performance as well as the response to changes.  

The pulsation velocity has been shown to be the key parameter for optimizing the reactors 
performance. From residence time distribution, heat transfer and emulsification considerations 
an operating window can be constructed, see figure 3-40. 
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figure 3-40  Operating window for a pulsed sieve plate column 

Emulsification or heat transfer demands, depending on recipe, type of internals and reactor 
diameter require a minimum pulsation velocity. The net flow velocity and the sensitivity of the 
recipe to deviations from plug flow determine the maximum allowed value of the axial dispersion 
coefficient and, by that, the maximum pulsation velocity. 

If reactor length is increased, the resulting higher net flow velocity will allow higher pulsation 
velocities for an equivalent overall plug flow performance and results in a larger operating 
window. If the reactor diameter is increased, the minimum pulsation velocity for sufficient heat 
transfer will rise and the operating window will get smaller. The minimum pulsation velocity for 
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sufficient emulsification is not expected to change, provided the plate spacing and hole size are 
not altered.  

To increase capacity, both reactor diameter and reactor length can be increased. As a result, 
the operating window will move to higher pulsation velocities. If a further increase of pulsation 
velocity is no longer feasible to increase heat transfer, increasing the length alone can raise the 
capacity of the reactor further. As a result of the increased net flow velocity, the plug flow behavior 
will improve. A different scale up strategy to increase productivity once the maximum reactor 
diameter has been reached is to use a multi-tube arrangement, keeping the length at a fixed value. 
An advantage of this type of scale up is that the frictional pressure drop over the reactor is not 
increased. 

The peak velocity of the liquid in the column during the pulsation cycle for a given pulsation 
velocity (s·f) depends on the type of pulsator used and the stroke length chosen. It therefore can 
be expected that with a different pulsator configuration, the minimal pulsation velocity for 
sufficient emulsification will be affected. If sufficient emulsification is a critical parameter, a 
liquid displacement pump-type pulsator with a high maximum stroke length, operated at a low 
stroke length and a high stroke frequency will be the best choice.  

In the design of a multipurpose PSPC reactor, the reactor diameter and reactor length should 
be chosen in such a way that even for the most critical recipe, e.g. highly exothermic and very 
sensitive to deviation from plug flow, an operating window exists. If the requirements of the 
process with respect to heat transfer or the approximation of plug flow change drastically along 
the reactor length, a design consisting of consecutive PSPC reactors of different designs and 
operational conditions might improve overall performance. 
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Abstract 

Production of seed latex in a batch reactor can result in batch-
to-batch differences in the conversion-time history and the 
particle concentration due to variations in impurity levels and 
poor reactor control. Influence of temperature control, 
inhibitor concentration and headspace atmosphere on 
polystyrene seed latex production is reported.  

The use of an inert atmosphere is important to reduce batch-
to-batch variations, but is costly to implement in an industrial 
batch reactor. Furthermore, the very fast heat evolution makes 
seed latex production a poorly controlled process in large-scale 
batch reactors. 

Elimination of the headspace and a change to steady state 
operation by the application of a continuous pulsed sieve plate 
column (PSPC) reactor resulted in a well-controlled process 
and a product with reproducible properties. Product properties 
are identical to batchwise produced latexes and no negative 
influence of inhibitor on the process was observed. 
Considerable process intensification can be obtained by the 
application of a continuous PSPC compared to a semi-batch 
operated stirred tank reactor because of the elimination of 
waiting periods in the batch cycle. The result is a well-
controlled, smaller and safer operation. 
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4.1 INTRODUCTION 
Two important characteristics of latex are the particle concentration and particle size distribution 
since these properties, together with the polymer content, determine the rheological behavior. 
Particle nucleation takes place at the beginning of the reaction and determines these two 
parameters to a large extent. Because of the sensitivity of the particle nucleation process to 
variations in operational conditions, like temperature and impurities, seed latex is often applied in 
commercial emulsion polymerization processes to fixate the number of particles a priori. The 
effect of some important parameters on the nucleation of particles is discussed in section 4.2. 

In a continuous flow reactor, backmixing has a large influence on the particle nucleation 
process and generally results in a much lower particle concentration compared to the batch 
process. Also sustained oscillations in particle concentration and conversion can occur. In section 
4.3 the performance of different types of continuous reactors is compared. 

Batch-to-batch variations in the product properties generally originate from variations in 
inhibitor and impurity levels or poor temperature control. To quantify the importance of these 
parameters, batch experiments were performed in which reaction temperature, inhibitor 
concentration and the presence of oxygen were varied systematically. Results of the batch 
experiments are discussed in section 4.6. 

In batch operation the fast, highly exothermic, reaction makes accurate temperature control 
difficult. To improve the controllability and safety of seed latex production, the batch process was 
transferred to the continuous pulsed sieve plate column (PSPC) reactor. Performance of this 
continuous process is compared to that of the batch process in terms of conversion profiles, 
temperature control, final particle size distributions and process intensification in section 4.7.  
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4.2 PARTICLE NUCLEATION  
Emulsion polymerization is a free radical polymerization, taking place in a heterogeneous 
reaction mixture. The reaction mixture consists of a continuous water phase, a dispersed 
monomer phase and, after nucleation has occurred, a polymer particle phase. The locus of 
polymerization is inside a very large number of very small particles that are dispersed in a 
continuous water phase [Harkins, 1946] [Harkins, 1945]. Typical particle concentrations are in the 
range of 1020 to 1022 m-3, typical final particle size ranges from 30 to 150 nm. The volumetric 
polymerization rate, Rp, is proportional to the particle concentration (Np) in the water phase, the 
monomer concentration in the particle ([M]p), the average number of propagating radicals in the 
particle (ñ) and the propagation rate coefficient (kp) . The product is divided by the Avogadros 
number (Nav) to give the volumetric reaction rate in kmol·mwater

3·s-1: 

Av

ppp
p N

[M]·~·k·N
R

n
=  Eq. 4-1 

In the early stage of the reaction polymer particles, in which the polymerization occurs, are 
formed. Particle nucleation can take place through different mechanisms, depending on 
emulsifier concentration and type of monomer used. For the emulsion polymerization of styrene 
with sodium dodecyl sulfate as an emulsifier, the generally accepted mechanism is that of 
micellar nucleation. [Gilbert, 1995]. 

Polymer particles are formed from monomer-swollen micelles by the entry of a radical 
generated in the aqueous phase. As the particles start to grow, they adsorb emulsifier from the 
water phase to stabilize the increasing surface area. Only a small fraction, approximately 0.1%, of 
all the micelles present at the start of the reaction, is initiated. The remaining micelles dissociate 
and provide the emulsifier for stabilizing the increasing surface area of the growing particles. 

The number of generated particles depends on the balance between the nucleation rate and 
the volumetric growth rate of the particles. For example, at high nucleation rates and relatively low 
volumetric growth rates, a large number of very small particles will be generated. Important 
factors influencing nucleation and particle growth rates are initiator concentration, emulsifier 
concentration, inhibitor concentration and temperature. The last two factors are difficult to 
control in a large-scale industrial emulsion polymerization.  

4.2.1 INHIBITION AND RETARDATION IN EMULSION POLYMERIZATION 

The presence of components that can react with a propagating radical to non-reactive radicals or 
nonradical species can slow down or stop the polymerization reaction. Depending on the 
reactivity of these radical scavengers, they are classified as inhibitors or retarders [Odian, 1991]. 
Highly reactive radical scavengers effectively stop the polymerization and are generally named 
inhibitors. Less reactive radical scavengers reduce the concentration of propagating radicals, but 
are unable to stop polymerization and are generally named retarders because they reduce the 
overall polymerization rate.  

In an ab-initio emulsion polymerization, the presence of inhibitors prevents particle 
nucleation and the reaction does not start before all inhibitor has been consumed. When all 
inhibitor has been destroyed, the reaction proceeds normally. The conversion time curve is shifted 
to the right with respect to an emulsion polymerization in the absence of inhibitor, but has an 
identical shape, see figure 4-1. 
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The influence of a retarder in an ab-initio emulsion polymerization depends on the solubility 
of the retarder molecule in the aqueous and organic phase. If the retarder is mainly present in the 
aqueous phase, the lower radical flux results in a reduced particle nucleation rate, whereas the 
particle growth rate is hardly affected. As a result, less particles will be nucleated before all free 
emulsifier has adsorbed onto the growing particle surface compared to a retarder-free reaction. If, 
on the other hand, the retarder is mainly present in the organic phase, the particle growth rate will 
be much reduced through the scavenging of propagating radicals in the particles. The particle 
nucleation rate will hardly be affected and as a result of the lower particle growth rate, more 
particles will be nucleated before all free emulsifier is adsorbed onto the growing particle surface, 
compared to a retarder-free reaction. 

In the case of aqueous phase retardation, the lower number of initiated particles results in a 
reduction of the volumetric polymerization rate, see equation 4-1. In case of organic phase 
retardation, the lower particle growth rate results in a lower initial volumetric polymerization rate. 
The lower particle growth rate can be compensated by a larger number of nucleated particles and, 
especially if all retarder has been consumed at some point, results in a higher polymerization rate 
compared to a retarder free polymerization. The effect of inhibitors and retarders on the 
conversion-time history has been summarized in figure 4-1. 
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figure 4-1  Theoretical influence of inhibitor and retarders on the conversion-time curve of an ab-
initio emulsion polymerization. 

4.2.2 INHIBITION AND RETARDATION BY OXYGEN 

Oxygen is a well known, highly reactive inhibitor, see table 4-1, and is generally regarded as the 
main source of the inhibition period before the reaction starts [Cunningham et.al., 2000, Huo 
et.al., 1988]. It is sparsely soluble in water and only moderately soluble in monomer. Partitioning 
from the headspace of the reactor can act as a large source and result in a prolonged interference. 
Because of the large interfacial area between the monomer droplets and the water phase, Huo 
et.al. assumed a quick partitioning between these two phases and proposed a mechanism where 
initiator radicals consume all oxygen in the water phase prior to the start of reaction, which 
subsequently proceeds at a normal rate. The role of the headspace was neglected.  

Cunningham et.al.  showed that the reaction already takes off before all oxygen is consumed 
and that also retardation occurs because the oxygen dissolved in the particles acts as a chain 
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transfer agent, lowering the average number of growing radicals in the particles through the 
formation of water-soluble or non-reactive radicals. The lower particle growth rate results in a 
prolonged nucleation period and a much higher particle concentration. It was also demonstrated 
that transport of oxygen from the headspace of the reactor into the reaction mixture prolongs the 
inhibition period.  

A similar observation has been made for seeded emulsion polymerizations where also 
inhibition and retardation of the reaction occurred in the presence of oxygen [de Arbina et.al., 
1998]. The amount of oxygen in the headspace was shown to increase the inhibition and 
retardation effect in this case too.   

table 4-1 Inhibition constants for different inhibitor-monomer pairs from a) [Odian, 1991] b) 
[Godsay et.al., 1962]. 

Inhibitor Monomer 
Temperature 
[°C] 

Inhibition rate coefficient / 
propagation rate coefficient 

Oxygen a) Styrene  50 14,600 
Oxygen  a) Methyl methacrylate  44 33,000 
p-Benzoquinone  a) Styrene  50  518 
p-Benzoquinone  b) Styrene  60 227 
p-Benzoquinone  b) Styrene  80 566 
Phenol  b) Styrene  60 0.0014 
Phenol  a) Methyl acrylate  50 0.0002 
Phenol  a) Vinyl acetate  50 0.012 
4-tert-Butylphenol  b) Styrene  60 0.0026 
2,6-Dimethylphenol  b) Styrene  60 0.011 
2,4,6-Trimethylphenol  a) Vinyl acetate  50 0.5 
p-Dihydroxybenzene  a) Vinyl acetate  50 0.7 
o-Dihydroxybenzene (Catechol)  b) Styrene  60 0.134  
1,2,3-Trihydroxybenzene (pyrogallol)  a) Vinyl acetate  50 5 
1,2,3-Trihydroxybenzene (pyrogallol)  b) Styrene  60 1.04 
4-tert-Butylcatechol (TBC)  b) Styrene  60 0.36  

 

4.2.3 INHIBITION AND RETARDATION BY TBC 

To prevent autopolymerization of styrene during storage and transport, a small amount of 
inhibitor, generally 50 ppm of 4-t-butyl-1,2-benzenediol, better known as 4-tert-butylcatechol 
(TBC) is added. The levels of TBC in commercially used styrene vary from batch-to-batch and can 
result in a changed inhibition period or retardation of the reaction [Huo et.al., 1988, Kemmere 
et.al., 1999a]. TBC is well soluble in the organic phase and acts as a chain transfer agent, lowering 
the average number of propagating radicals in the particles, resulting in a lower particle growth 
rate. Huo showed that at low TBC levels of 20 ppm the initial lower reaction rate is followed by a 
higher reaction rate after the nucleation stage because of the higher particle concentration and the 
normal particle growth rate once all the TBC is consumed. At high TBC concentrations of 200 
ppm, the particle growth rate remains low throughout the reaction and results, despite the 
considerable higher particle concentration, in a low reaction rate throughout the reaction. 
Experiments performed at an intermediate TBC concentration of 100 ppm by Kemmere et.al.  also 
resulted in an increased particle concentration. The reaction rate did not show the acceleration, as 
observed by Huo at low TBC concentrations, although the limited number of experimental data 
points make conclusions about reaction rates questionable. 

The role of TBC as a retarder, rather than an inhibitor, can be well understood from the low 
inhibitor constants of phenol-like components [Godsay et.al., 1962], see table 4-1. The reactivity of 
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phenolic compounds (ArOH) towards growing radical chains (Mn·) is much enhanced in the 
presence of oxygen, presumably because of the faster hydrogen transfer reaction with peroxide-
ended polymer radicals, see equation 4-2 and 4-3 [Caldwell and Ihrig, 1962, Kurland, 1980, 
Odian, 1991]. 

⋅+−→+⋅ ArOHMArOHM nn  Eq. 4-2 

⋅+−→+⋅− ArOOOHMArOHOOM nn  Eq. 4-3 

The oxidation of TBC by reactions 4-2 or 4-3 or a different reaction path in the presence of oxygen 
results in the formation of a quinone (equation 4-4) that also contributes to the radical scavenging 
through reaction with the oxygen group on the carbon ring (equation 4-5) or the carbon ring itself 
(not shown). The aryloxy radical formed through reaction 4-5 can react with another propagating 
radical and terminate, or react with monomer and reinitiate the propagation reaction. 

OH

OH

O

O

+ H2

 Eq. 4-4 

O

O·

MnO

O

+ Mn·

 Eq. 4-5 

 
The absence of the acceleration of the reaction in the experiments of Kemmere at a TBC level of 
100 ppm was interpreted as a continued effect of TBC on the particle growth rate and a 
mechanism of regeneration of the quinone-form of TBC through oxidation by persulfate radicals 
(·SO4

-) was invoked. The proposed radical scavenging reaction was: 

O

O

+ Mn· O

O-

+ Mn
+

 Eq. 4-6 

and the regeneration reaction after diffusion of the quinone radical to the aqueous phase: 

O

O

+O

O-

+SO4
- · SO4

2-

 Eq. 4-7 

Since reaction 4-5 can also occur, the catalytic retardation effect will be reduced through the 
consumption of the catalyst, i.e. the quinone-form of TBC, as the reaction proceeds. This could 
explain why, if the mechanism proposed by Kemmere is correct, retardation in the experiments of 
Huo at a TBC concentration of 20 ppm ends and the reaction rate subsequently increases. 

The presence of oxygen is critical for a fast initial retardation reaction with the phenolic form 
of TBC but, unfortunately, both Huo and Kemmere et.al. did not specify if oxygen was excluded 
from the reactor. The absence of an inhibition period in the experiments of Huo suggests that no 
oxygen was present. In the experiments of Kemmere, an inhibition period was observed, both in 
the experiments with and without TBC, indicating that some oxygen was present.  
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In summary, the reaction of TBC with propagating radicals is expected to be slow unless the 
radicals are activated by oxygen through formation of peroxides. If TBC is oxidized by hydrogen 
abstraction or another oxidation pathway, the formed quinone can act as a more reactive retarder, 
possibly through a catalytic mechanism. 

4.2.4 INFLUENCE OF REACTION TEMPERATURE 

Reaction temperature has a large influence on the particle nucleation rate, especially if a relatively 
slow thermally decomposing initiator like sodium persulfate (SPS) is used. The high activation 
energy of 148 kJ/mol of the decomposition reaction of SPS [Kolthoff and Miller, 1951] results in a 
considerable increase of the radical flux upon an increase of temperature and through that in a 
much higher nucleation rate. A higher reaction temperature also results in a higher propagation 
rate coefficient for the homopolymerization of styrene. However, the much lower activation 
energy for the propagation rate coefficient, only 32.5 kJ/mol [Manders et.al., 1996], results in a 
moderate increase of the particle growth rate. It is assumed that the average number of growing 
radicals in a particle or the monomer concentration are not affected significantly by a temperature 
rise. 

The much stronger increase of the nucleation rate compared to the particle growth rate upon 
an increase of temperature is expected to result in a larger number of nucleated particles and a 
higher particle concentration if a certain recipe is run at a higher temperature.   

4.3 NUCLEATION IN CONTINUOUS REACTORS 
In a continuous flow reactor, backmixing of growing particles into the region where nucleation 
takes place has a negative effect on the particle nucleation rate and results in a lower final particle 
concentration and possibly non-steady behavior. In the most extreme case, a single CSTR, the 
particle concentration that is obtained is at least a factor of two lower than what would be obtained 
if the same recipe is performed in a batch process [Nomura et.al., 1971]. The simultaneous particle 
nucleation and particle growth compete for the available emulsifier and as a result less emulsifier 
is available for generating new particles.  

Another important difference of latex produced in a CSTR compared to a batch reactor is that, 
because of the exponential residence time distribution, the particle size distribution (PSD) of the 
product latex is broad. If the average number of radicals per particle is strongly dependent on 
particle size, the possibility of non-steady operation exists in which sustained oscillations in 
particle concentration and conversion occur. [Ley and Gerrens, 1974, Kipparissides et.al., 1980, 
Brooks et.al., 1978]. Especially the presence of impurities like inhibitors can have a very negative 
effect on conversion and reactor stability [Rawlings and Ray, 1987]. To suppress oscillations and 
increase the particle concentration the use of a small first seeding CSTR that is bypassed by the 
larger part of the monomer and water feeds has proven to be successful [Nomura, 1986, Penlidis 
et.al., 1989], however, the particle concentration still remains below what can be achieved in a 
batch reactor.  

Tackling the problem of the lower particle concentration by narrowing the residence time 
distribution seems a natural thing to do, but is not easily achieved in practice. A straightforward 
but expensive method is to replace the first CSTR by a large number of small CSTRs [Omi et.al., 
1969]. An alternative method is to use a tubular reactor in which plug flow is approximated. In a 
review by Paquet a number of attempts to use a tubular reactor is discussed, however, none of 
these have proven to be successful in practice [Paquet and Ray, 1994]. Because of the required 
relatively long residence time, the reactors were operated at low net flow velocities resulting in 
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laminar flow. Operating in the laminar flow regime results in very poor radial mass and heat 
transfer, deviation from plug flow and the presence of a thick stagnant layer where wall 
polymerization can take place. Injecting plugs of nitrogen in small diameter tubes might be a 
good solution to reduce the backmixing and enhance radial mixing [Shoaf and Poehlein, 1988], 
however, it is uncertain if it will work in tubes of larger diameters. Moreover, the risk of fouling 
by the introduction of a gas phase seems to be considerable.  

Paquet observed plugging of the tubular reactor if it was operated in the laminar flow regime. 
To enhance radial mixing an oscillation of the liquid was applied, analogue to the pulsation in the 
pulsed packed column [Hoedemakers and Thoenes, 1990]. The pulsed tubular reactor of Paquet 
is very similar to the reactor described in the patent of Faragher et.al.  where it was applied for the 
production of synthetic rubber [Faragher et.al., 1949]. The reactor used by Paquet was an 8.8 m 
long smooth tube with an internal diameter of 0.533 cm, coiled in 50 cm loops. The applied stroke 
length was 1.27 cm, the stroke frequency 1.67 Hz. The Valensi number (equation 3-1) for this 
configuration is 76, indicating that the liquid is moving up and down in plugs. The Reynolds 
number for the maximum flow velocity during the oscillation cycle is 740, considerably lower 
than the critical Reynolds number of 3200, calculated from the most conservative estimate in 
equation 3-2. It is therefore unlikely that the pulsation was effective in enhancing the radial 
mixing in the smooth tube, although the coiled configuration might have induced some 
secondary flows, sufficient to prevent plugging during the runs with pulsation. The reported high 
Peclet numbers of the pulsed tubular reactor, in the range of 200 to 500, indicate that axial 
dispersion was limited and show that some radial mixing must have occurred. The reactor was 
able to produce latex with properties very similar to latex produced in a batch reactor, showing 
that, if plug flow is approximated, the particle concentration is high. 

It is unlikely that the pulsed tubular reactor can be scaled to an industrial size because of  the 
poor radial mixing. As discussed in chapter 3, introducing a packing material in a pulsed tubular 
reactor will very much enhance local and radial mixing. As a drawback, also some axial 
(back)mixing is introduced which can have a negative effect on the product properties in the same 
way as observed in a CSTR. Hoedemakers studied the influence of axial mixing in a pulsed 
packed column (PPC) filled with Raschig rings on the emulsion polymerization process. It was 
observed that the particle concentration started to decrease if the Peclet number for the length of 
the reactor where particle nucleation occurs was reduced below a critical value [Hoedemakers and 
Thoenes, 1990, Mayer et.al., 1996]. This nucleation zone Peclet number, as defined in equation 
4-8, indicates that backmixing of growing particles in and into the nucleation zone should be 
limited. 

E
l·uPe nucl

nucl =  Eq. 4-8 

In equation 4-7 u, lnucl and E represent the net flow velocity, the length of the nucleation zone and 
the axial dispersion coefficient respectively. Hoedemakers showed that the pulsed packed column 
with Raschig rings was able to produce latex with batch-like particle concentrations and particle 
size distributions if Penucl was larger than 15.  

As demonstrated in chapter 3, axial mixing in the PSPC is very similar to that in the PPC with 
Raschig rings and it should be well possible to produce latex with batch-like properties in the 
PSPC reactor in an ab-initio emulsion polymerization. 
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4.4 SEED LATEX PRODUCTION  
Seed latex is generally used to fixate the number of particles for a second stage polymerization. To 
minimize the fraction of seed polymer in the final product, because of the possible undesired 
influence on product properties, it is important that the seed particles are small. With a thermally 
slow decomposing initiator like sodium persulfate, as is often the case, the only way to obtain a 
high particle concentration is to perform the reaction at a high initiator concentration and/or a 
high temperature. In both cases the high particle concentration results in a very fast reaction, and 
near complete conversion is reached within 5 to 10 minutes. If the reaction is performed in a 
large-scale batch reactor, the combination of the fast highly exothermic polymerization with the 
limited heat transfer area results in an uncontrolled temperature rise.  

In a tubular reactor with a favorable surface to volume ratio and high partial heat transfer 
coefficients, like the PSPC, it should be possible to produce seed latex in a fast and well controlled 
way. In addition to the good heat transfer capability, the operation in steady state should improve 
accurate temperature control and consequently improve product control. An important constraint 
is that the reactor has to be operated at limited backmixing conditions to avoid unstable operation 
and obtain a high particle concentration. 
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4.5 EXPERIMENTAL 

4.5.1 BATCH 

To clarify the influence of oxygen on the activity of 4-tert-butylcatechol (TBC), reactions have been 
performed using a typical seed recipe with 4 different levels of TBC in an Argon and air 
atmosphere. The importance of reaction temperature, a parameter that can be difficult to control 
during the highly exothermal reaction, was also investigated by performing reactions at different 
temperatures. 

Batch reactions were performed in an Mettler-Toledo RC1-HP60 reaction calorimeter with a 
standard computer controlled operating procedure. The aqueous phase was prepared as a 20 dm3 
stock solution and the used monomer was a single batch of distilled styrene, stored at –24 °C or a 
single batch of commercially available styrene containing 50 ppm of TBC. Higher TBC 
concentrations were obtained by adding reagent grade TBC to distilled monomer. After filling the 
reactor with all the ingredients except the initiator, see table 4-2 for the recipe, a low flow of either 
Argon or air was passed through the headspace. The mixture was stirred and heated to reaction 
temperature in 20 minutes. After a temperature stabilization period of 10 minutes initiator was 
injected. Subsequently the reactor was closed and pressurized to 4 bars with Argon or air to 
prevent boiling and thereby heat consumption, which can disturb the calorimetric measurement. 
Heat capacities and heat transfer coefficients were measured before and after the experiments for 
several runs. Heat capacities were not sensitive to any of the reaction conditions and a single set 
of values was used in evaluating the experiments. For the heat transfer coefficient only a slight 
dependence on temperature was observed and experiments at a certain temperature were 
evaluated using a single heat transfer coefficient. From the cumulative heat flow the momentary 
calorimetric conversion was calculated. The final conversion was verified gravimetrically at the 
end of the reaction and was found to be complete. Fouling occurred only to a very limited extent, 
some small polymer parts were found on the impeller, the inserts at the height of the impeller 
and at the gas-liquid interface. 

4.5.2 PULSED SIEVE PLATE COLUMN REACTOR 

To investigate the influence of the presence of TBC on the properties of seed latex produced in the 
PSPC reactor, equipped with the LK-54B pulsator unit. A run with distilled monomer and several 
runs with monomer containing TBC were performed. In the runs with TBC also the influence of 
pulsation conditions on conversion profiles and axial temperature profiles was investigated. The 
performance of the reactor at higher viscosities was studied by an experiment at an increased 
monomer content of 0.35 and 0.44 kg/kg, 

The monomer and aqueous phase, containing emulsifier, buffer and initiator were charged 
into storage tanks and purged with Argon overnight. After the column, charged with an aqueous 
emulsifier solution, was heated to reaction temperature, the aqueous and monomer feeds were 
started. An emulsion was formed by passing both feeds through a small stirred vessel. The 
emulsion was subsequently heated to reaction temperature by a preheater and entered the column 
at the bottom. A detailed description of the PSPC reactor is given in chapter 2. To shut down the 
reactor, the monomer feed was stopped. Sometimes the water phase feed was increased to keep 
the mean residence time constant during shutdown. Operating pressure of the column was 2.7 
bars absolute to prevent cavitation. Small volume samples, typically 10 ml, were taken from the 
column to determine the conversion gravimetrically.  
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During the production runs no fouling was observed, except for the experiment with the 
highest monomer content. In that case, the high viscosity resulted in very high pressure drops 
during the upward stroke and cavitation or degassing on the downward stroke. This probably 
caused the destabilization of the latex. Plugging of the column occurred after 1.5 mean residence 
times of operation in that case. 

table 4-2  Recipe and operation conditions for a seed latex production runs in batch (RC1) and in 
the PSPC 

 Batch PSPC A PSPC B PSPC C 

Recipe 
Mass  
[10-3 kg] 

Feed rate  
[10-3 kg/s] 

Feed rate  
[10-3 kg/s] 

Feed rate  
[10-3 kg/s] 

Solid content [kg/kg] 0.25 0.25 0.24  0.35, 0.44  
Styrene [vacuum distilled] 252 1.77 1.69 1.69 
Water [demineralized] 722.2 5.08 5.24 3.04, 2.07 
Sodium dodecyl sulfate 26 0.182 0.188 0.109, 0.074 
Sodium persulfate 0.45 0.0030 0.0030 0.002, 0.001 
Sodium carbonate 0.7 0.0049 0.0049 0.003, 0.002 
4-tert-Butylcatechol  
  [ppm in Styrene] 

0, 50, 100, 200 0 50 50 

Operational parameters     

Reactor Volume [dm3] 1.8 8.7 8.7 8.7 
Stirrer speed [Hz] 10 - - - 

Residence time τ [s] - 1200 1200 1750, 2200 

Temperature [°C] 70, 75, 80, 85 a) 85 +/- 0.2 b) 85 +/- 0.2 b) 85 +/- 0.2 b) 

Absolute pressure [bar] 4 2.7 2.7 2.7 
Atmosphere Argon, Air Argon Argon Argon 
Column length [m] - 5 5 5 
Pulsation length s [mm] - 7 5, 10 5 
Pulsation frequency f [Hz] - 3.2 1.3, 1.6, 3.2 3.2 
Net flow velocity u [mm/s]  4.18 4.22 2.92, 2.35 
Axial dispersion coefficient E 
[10-4 m2/s] c) 

- 1.15 0.37 – 1.9 0.2  – 0.4  

a)  Temperature at start of the reaction 
b)  During steady state operation at the outlet of each segment 
c)  Estimated from tracer-pulse response measurements for the LK-52 pulsator, see chapter 3  
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4.6 RESULTS BATCH 
Variations in impurity levels and operational conditions can result in batch-to-batch changes in 
the conversion profile and latex product properties. Three important variables; temperature, 
inhibitor concentration and the presence or absence of air have been varied systematically to 
quantify their individual and combined effect on the course of the reaction and the final product 
properties. 

4.6.1 INFLUENCE OF TEMPERATURE 

To study the effect of temperature variations on seed latex production, reactions were performed 
in the RC1 at different temperatures using distilled and non-distilled monomer. Experiments with 
distilled monomer will be discussed first. 

As a result of the very fast and highly exothermic reaction, the reaction temperature rises 
several degrees, despite the quick response of the thermostat and the high flow rate through the 
jacket of the RC1 reactor. A maximum temperature is reached at approximately 40% conversion; 
see figure 4-2,.  
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figure 4-2  Seed latex production in an RC1 operated in isothermal mode at 80°C using distilled 
styrene under an Argon atmosphere. Recipe in table 4-2. 

The magnitude of the temperature rise depends on the reaction rate, the heat transfer coefficient 
of the reactor, reactor size and the control action of the thermostat. In our experiments the 
maximum temperature rise during reaction increased linearly with the initial temperature, as 
shown in figure 4-4. The single data point that deviates from the trend is from an experiment in 
which the reaction started early, before addition of initiator. 

Not surprisingly, an increase in reaction temperature results in a faster reaction, see figure 
4-3. A duplicate run for the highest temperature of 85°C started by thermal initiation, before 
addition of the initiator. The low particle nucleation rate before initiator addition in that case 
resulted in a lower particle concentration and a slower overall reaction. In a large-scale batch 
operated stirred tank reactor, during the considerably longer heating periods, thermal initiation 
also might occur and cause batch-to-batch variations. 
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figure 4-3  Influence of temperature on the conversion-time history of a seed latex production run 
using distilled styrene under an Argon atmosphere. Recipe in table 4-2 

The polymerization rate reaches its maximum value at a fractional conversion of approximately 
0.35, see figure 4-18. In comparing the maximum polymerization rates for the different runs, see 
figure 4-4, the momentary temperature in the reactor is used and not the temperature at the start 
of the reaction. 
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figure 4-4  Left:  Influence of initial reaction temperature on maximum temperature rise of a seed latex 
production run Right: Influence of temperature on maximum polymerization rate of a seed latex 
production run. Recipe in table 4-2 

Calculating the activation energy for the total emulsion polymerization reaction from the slope of 
figure 4-4, a value of 60 kJ/mol is found. Not surprisingly, this value is higher than for the 
activation energy of the propagation reaction of styrene of 32.5 kJ/mol [Manders et.al., 1996], 
showing that also one of the other parameters in equation 4-1 has a temperature dependence. As 
expected from the discussion in section 4.2.4, the final particle concentration increases if the 
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reaction temperature is raised from 70 to 75°C, see figure 4-5. However, no increase is observed 
for a further increase of temperature, although it has to be noted that the used CHDF method is 
not very accurate in measuring particle sizes below 50 nm.  

The high fractional emulsifier surface coverage of over 0.8 makes it unlikely that the particle 
concentration was reduced by coagulation after the maximum in polymerization rate was 
observed. An explanation for the further increase of the maximum polymerization rate therefore 
has to come from either an increased monomer concentration or an increased average number of 
radicals in a particle.  
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figure 4-5  Left: Particle concentration calculated from the number average particle size measured by 
CHDF for seed latex production runs under an Argon atmosphere, (+) indicates duplicate CHDF 
measurements for the latex produced with distilled monomer. Right: Average number of radicals per 
particle at maximum reaction rate for seed latex production under an Argon atmosphere. Recipe in table 
4-2. 

No data on the effect of temperature on the saturation concentration of styrene in the particles is 
available for this temperature range, but the effect is expected to be small. Therefore, apart from a 
possibly lower sensitivity of the CHDF method to the lower particle size range, the only 
explanation that remains is an increase in the average number of radicals per particle, which 
seems plausible considering the increase of the radical flux at higher temperatures.  

The average number of radicals per particle, calculated from the maximum polymerization 
rate and equation 4-1 are plotted in figure 4-5. For the styrene concentration, a saturation value of 
5.8 kmol/m3 was used. The average number of radicals per particle is significantly lower than 0.5, 
the value expected for case II kinetics [Smith and Ewart, 1948]. The low value indicates that chain 
transfer, followed by radical exit, is important for these small particles. An increase of 
temperature results in a higher radical flux and an increased radical entry rate and explains the 
increase in the average number of radicals per particle. [Ugelstad et.al., 1967]. It is also well 
possible that the inaccuracy in the absolute value of the particle size measured by CHDF 
contributes to the lower value of the average number of radicals per particle. 

The results show that the influence of temperature on the particle nucleation for the 
investigated seed recipe is complex and, even though the reaction rate increases considerably with 
temperature over the whole range, the final particle concentration apparently becomes insensitive 
to temperature above 75°C.  
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4.6.2 INFLUENCE OF TBC 

Comparing experiments performed using styrene containing 50 ppm TBC (figure 4-6) with 
experiments performed with distilled monomer (figure 4-3) in an Argon atmosphere, only minor 
differences can be observed.  
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figure 4-6  Influence of temperature on the conversion-time history of a seed latex production run 
using non-distilled styrene in an Argon atmosphere. Concentration of TBC is 50 ppm. Recipe in table 
4-2 

The conversion-time curve for the experiment started at 80°C is somewhat less steep than for the 
experiment with distilled monomer and also some inhibition did occur in the experiments at 
70°C. The maximum polymerization rate is hardly affected by the presence of TBC (figure 4-4) 
and only in the particle concentration a different value is observed for the 80°C case (figure 4-5). 
This decrease in the particle concentration is difficult to explain since retardation through an 
organic inhibitor should have the opposite effect. Even in the two experiments at 70°C, where 
inhibition occurred, no effect on the final particle concentration was observed. 

Increasing the TBC levels does not have a large effect on the conversion-time history in an 

Argon atmosphere as shown in figure 4-7. No inhibition occurs and the slope of the curve is not 
affected, except slightly for the highest TBC concentration, see figure 4-8. Also the important 
product parameter, the particle concentration of the product latex, remains unchanged. These 
results contradict the findings of Huo and Kemmere who observed a strong increase of the 
particle concentration in the presence of TBC. The present results point out that TBC is not a very 
active inhibitor in the absence of oxygen. 
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figure 4-7  Influence of inhibitor level on the conversion-time history of a seed latex production run at 
85°C in an Argon atmosphere. Recipe in table 4-2 

0.0

0.5

1.0

1.5

0 100 200
CTBC [ppm]

R
p,

m
ax

 [1
0-2

 k
m

ol
 m

-3
 s

-1
]

Argon
Air

0

2

4

6

8

10

12

0 100 200
CTBC [ppm]

N
p [

 1
021

 m
-3

]

Argon
Air

 
figure 4-8  Left: Influence of reaction atmosphere on maximum polymerization rate of a seed latex 
production run at 85°C Right: Particle concentration calculated from the number average particle size 
measured by CHDF for seed latex production runs at 85°C. Recipe in table 4-2.  

4.6.3 COMBINED EFFECT OF OXYGEN AND TBC 

In industrial batch latex production, air is generally not removed from the emulsion prior to 
reaction and also during the reaction a continuous transport of oxygen is possible from the 
headspace of the reactor. Knowing that TBC is not effective in an inert environment is important 
in choosing appropriate reaction conditions in a laboratory reactor, but is not enough to 
understand what will happen in an industrial batch reactor. For this reason also experiments in 
the presence of air were performed. 
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From the conversion-time histories for the experiments in the presence of air, see figure 4-9, it 
is very clear that with oxygen present, the TBC concentration has a large influence on the reaction. 
Even in the absence of TBC, some retardation occurs, resulting in a higher particle concentration, 
see figure 4-8. Despite the higher particle concentration, the maximum polymerization rate is 
considerably lower. This confirms the observation by Cunningham et.al.  that oxygen can act as a 
retarder and is not consumed completely prior to the start of nucleation, as stated by Huo et.al.. 
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figure 4-9  Influence of inhibitor level on the conversion-time history of a seed latex production run 
at 85°C under an Air atmosphere. Recipe in table 4-2 

If TBC is present, the inhibition period is prolonged and also retardation gets more pronounced 
and results in a higher particle concentration at an identical maximum polymerization rate. If the 
TBC concentration is increased, the final particle concentration becomes higher. Despite the 
increase in the particle concentration, the maximum polymerization rate remains constant and 
finally decreases at the highest TBC level, indicating that the average number of radicals per 
particle decreases at increasing TBC concentrations.  

These results in the presence of air agree well with the experiments of Huo and Kemmere et.al. 
It is likely that their experiments were also performed in the presence of some oxygen.  Activation 
by oxygen has to be invoked in the inhibition and retardation mechanism of TBC. The reaction of 
growing radicals with TBC (equation 4-2) indeed is too slow to give a significant contribution and 
only the formation of peroxide radicals (equation 4-3) or the oxidized form of TBC (equation 4-5) 
results in effective radical scavenging reactions.  

4.6.4 CONCLUSION 

From the performed experiments, it can be concluded that TBC is not a very active inhibitor in the 
absence of oxygen. Considering the large influence of oxygen on the course of the reaction, 
especially for relatively high TBC concentrations, it is highly recommendable to operate without 
oxygen in the reactor. Since a large amount of the oxygen is present in the headspace of the 
reactor, working in an inert atmosphere would reduce the risk of inhibition or retardation and 
improve batch-to-batch reproducibility.  
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Surprisingly, temperature did not have a very large effect on the final particle concentration, 
except for the experiment at the lowest temperature. This suggests that good temperature control 
is not very important for product latex properties. If, however, the process is operated in semi-
batch mode, poor temperature control considerably changes the conversion-time history, making 
accurate timing of feed streams difficult. 

A problem associated with temperature control that remains, even if no feed streams are 
used, is the fast, highly exothermic nature of the reaction, which makes seed latex production a 
difficult process to control and limits the scale at which it can be operated.  

4.6.5 LIMITATIONS OF THE BATCH PROCESSES 

To illustrate the control problem of the fast seed latex reaction in large-scale batch reactors, a run 
in adiabatic mode was performed in the RC1, see figure 4-10.  
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figure 4-10 Seed latex production in an RC1 operated in adiabatic mode. After addition of initiator at 
an initial temperature of 80°C, pressure was increased to 4 bars absolute to prevent boiling of the 
latex. Recipe is shown in table 4-2. The sodium dodecyl sulfate content was somewhat lower: 19.5 g. 
Reaction was performed without TBC under an Argon atmosphere. 

In the adiabatic mode of the RC1, the temperature of the jacket is set to follow the temperature in 
the reactor, effectively minimizing heat transfer. A temperature increase of approximately 35°C 
was observed, whereas a value of 46°C would be expected from the heat of polymerization for 
styrene. Probably, inserts in the reactor and the relative thick reactor wall of the high-pressure 
reactor also absorbed a considerable amount of heat. On an industrial scale these heat losses 
would be much reduced and the effective temperature rise, despite cooling by the jacket, could 
exceed 35°C. 

Even if the reactor surface area-to-volume ratio is favorable, like in the small-scale 1.8 dm3 
batch reaction calorimeter, the fast evolution of heat results in a serious control problem. 
Conversion and temperature profiles of an isothermal seed latex production run in the RC1, 
plotted in figure 4-2 show that the powerful thermostat and fast control algorithm of the RC1 is 
able to limit the temperature rise to 5 °C by quickly taking the jacket temperature down from 81 to 
62 °C for the experiment started at 80°C. Such a fast cooling response is impossible in a large-
scale reactor, resulting in a much larger and poorly controllable temperature jump. 

As discussed in section 4.4, a continuous flow tubular reactor operating in steady state, e.g. 
the PSPC, should be able to solve the aforementioned problems and result in a much better 
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controlled process. The performance of the PSPC with respect to temperature control, sensitivity 
to disturbances and operational parameters in the production of seed latex was therefore 
investigated experimentally. 

4.7 RESULTS PSPC 
In the transfer of the batch process to the PSPC reactor, no changes were made in the recipe. 
Reactions were performed in isothermal mode at 85 °C, no temperature profile was programmed 
along the length of the reactor. The lowest mean residence time that could be attained from the 
maximum flow rates of the feed pumps was 20 minutes. At these conditions, experiments were 
performed with and without inhibitor and at different pulsation conditions. The conversion, 
monitored at the outlet of the reaction was complete for all the experiments.  

At least two times in every run the conversion along the column length was measured. 
Samples were taken from the column, starting at the top and subsequently going upstream. In 
figure 4-11 the conversion profile measured after an elapse of 2.8, 5.7 and 8.1 mean residence 
times for a run with distilled monomer is shown. Since it takes some time to collect the samples, 
the mean residence time only indicates the time when the sampling was started; the sample at the 
inlet of the reactor was taken approximately 0.5 mean residence times later. If the column 
operates at steady state, this is not of importance. However, during the first sampling run a flow 
disturbance in the water feed occurred resulting in a lower net flow velocity and a higher 
monomer fraction in the feed. As a result of the higher mean residence time and the higher 
monomer fraction the conversion profile was steeper.  
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figure 4-11  Conversion as a function of the dimensionless axial position (x/L) in the PSPC after 2.8, 
5.7 and 8.1 mean residence times of operation for a seed latex production run at 85°C. Recipe in table 
4-2, column PSPC A. 
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figure 4-12  Solid content monitored at the outlet of the reactor for a seed latex production run at 
85°C. Recipe in table 4-2, column PSPC A. 

The flow disturbance is also visible in the solid content monitored at the outlet of the reactor, see 
figure 4-12. After the flow rate disturbance had been corrected, the solid content at the outlet 
returned to the original value. The conversion profile was measured two more times. At constant 
flow rates, the conversion-space profile is highly reproducible.  

The disturbance in the flow rate of the water feed pump is also visible in the temperature-
time history. Temperatures measured at the outlet of each of the first three segments are plotted 
in figure 4-13. After a startup period where the thermostat controllers have to adapt from 
compensating heat loss to the environment, prior to the start of the process, to removing the heat 
of polymerization, the temperatures become stable after 1.5 mean residence times. The flow 
disturbance at approximately 3 mean residence times changed the conversion profile and 
increased the monomer fraction. As a result, more heat was released in the first two segments 
and the temperature increased somewhat. The heat evolution in the third segment dropped, 
however the control action of the thermostat and the higher temperature of the feed from the 
second segment caused the jump at approximately 3.5 mean residence times. After the correction 
of the flow rate of the water feed, the temperatures became very stable. 

For a continuous flow reactor, quick startup and shutdown are very important to reduce the 
period in which the product is off spec. The very steep transition in the solid content at the outlet 
at start-up and shutdown in figure 4-12 indicates that this period is very small for seed latex 
production in the PSPC. Because of the oscillation in temperature during start-up, it could be 
argued that the off spec production period is 1.5 mean residence times. With improved control 
this may be reduced to approximately 0.5 mean residence times. During shutdown or a grade 
transition, temperature control will not be a problem, and the off spec production period will be 
less than 0.5 mean residence times. The short off-spec production period in the PSPC is the result 
of the close approximation of plug flow and is much lower than the transition period for a single 
continuous flow stirred tank reactor, or even in a series of 20 stirred tanks as can be estimated 
from RTD considerations.  
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figure 4-13  Temperature at the outlet of first three segments for a seed latex production run at 85°C. 
Recipe in table 4-2, column PSPC A. 

4.7.1 COMPARISON TO BATCH OPERATION 

From the near plug flow performance, it can be expected that the continuous PSPC process and 
the batch stirred tank reactor process have very similar conversion profiles and product properties. 
Surprisingly, there is a considerable difference between the conversion profile of the PSPC run at 
85°C and that of the batch process at 85°C, see figure 4-14. 

It is important to remember that in the batch process a considerable temperature rise 
occurred. In the experiment started at 85°C, the temperature at a conversion of 0.4 was 
approximately 91°C, whereas in the PSPC the temperature at a conversion of 0.45, at the outlet of 
the first segment is kept at 85°C. Unfortunately, the temperature at the inlet was not measured for 
this particular experiment. However, in section 4.7.3 it is shown experimentally that in the PSPC 
also a temperature rise of approximately 5°C occurs over the length of the first segment. The 
temperature at the inlet of the PSPC therefore was approximately 80°C and the good overlap with 
the conversion curve of the batch experiment started at that temperature is indeed indicative of 
the close approximation of plug flow. 

The Peclet number for the entire reactor of 190, confirms the plug flow behavior. However, 
the most critical process of particle formation occurs in a small part of the reactor only, and a 
meaningful Peclet number has to be calculated for the length of the particle nucleation zone 
[Hoedemakers, 1990]. From the final particle size determined by transmission electron 
microscopy (TEM) of 40 nm, the specific surface area of the emulsifier and the emulsifier feed it 
can be calculated that nucleation ended at a fractional conversion of 0.27. Using this value, the 
length of the nucleation zone can be read from figure 4-11. Even with this much reduced length a 
Peclet number of 25 is found, considerably higher than the critical value reported by 
Hoedemakers, which confirms the absence of an effect of backmixing. 
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figure 4-14  Conversion profile of seed production run in the PSPC at 85°C of figure 4-11 (markers) 
and seed production runs in batch at 75, 80 and 85°C using distilled monomer and an Argon 
atmosphere (lines). Recipe in table 4-2. Mean residence time at a position in the column was 
calculated from the mass flow rate and the local density using the experimental conversion. 

The particle size distribution in figure 4-15 as determined by TEM is narrow and shows no signs 
of an influence of backmixing on the particle nucleation process, which would have resulted in a 
broader distribution. In summary, the close approximation of plug flow in the PSPC results in a 
batch-like conversion profile and seed latex properties. 
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figure 4-15  Particle size distribution at the outlet of the reactor for a seed production run in the PSPC 
at 85°C. Recipe in table 4-2, column PSPC A. 
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4.7.2 INFLUENCE OF PULSATION 

In the batch experiments, discussed in section 4.6, it was observed that TBC did not influence the 
conversion profile and final product properties in the absence of air. This is an important finding to 
improve batch-to-batch reproducibility. Excluding air from the headspace of a large-scale batch 
reactor might involve some practical problems and would at least increase the operational costs. 
Using a reactor without any headspace therefore is recommendable, but is not possible for a batch 
operation. In a continuous process, especially in a tubular reactor, it is the easiest mode of 
operation. Keeping air out of the reactor presents no problems provided the feed tanks have been 
degassed or purged with an inert gas. To support this claim, several emulsion polymerizations 
have been performed using non-distilled monomer, containing 50 ppm of TBC. 

Pulsation is applied in the PSPC reactor to generate radial mixing, ensure sufficient 
emulsification and improve heat transfer. Unfortunately, pulsation also results in axial mixing 
which can affect the particle nucleation process. Even if the nucleation zone Peclet number is 
sufficiently high, nucleation might be affected by a change in radial and axial temperature profiles 
or by a changed monomer mass transfer resulting from a different monomer droplet size 
[Kemmere et.al., 1999b]. 

To study the influence of pulsation conditions on the conversion profiles and product 
properties, a series of experiments has been performed at different stroke lengths and frequencies 
with a single recipe using non-distilled monomer. The conversion as a function of axial position is 
plotted for four different pulsation conditions in figure 4-16.  
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figure 4-16  Conversion-space relationship in the PSPC for a seed latex production run at 85°C using 
styrene containing 50 ppm TBC (markers). For reference also the experiment with distilled monomer 
has been plotted (line). Recipe in table 4-2, column PSPC A and B. 

The profiles show no significant difference to the experiment with distilled monomer. 
Conversions seem to be somewhat higher at the first two segments for the higher stroke 
frequencies, which could be caused by a somewhat enhanced backmixing of polymer particles at 
these conditions.  
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Particle concentrations calculated from particle sizes determined by CHDF and TEM do not 
show a clear trend, see figure 4-17. It has to be noted that small absolute errors in the 
determination of the small particle sizes result in large differences in the calculated particle 
concentration and can cause considerable scatter in the data points. 
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figure 4-17  Left: Particle concentration calculated from the number average particle size measured by 

CHDF and TEM for seed latex production runs PSPC A and B. (×) and (+) show duplicate analysis 
with the CHDF method for the experiments with non-distilled and distilled styrene respectively. 
Right: Particle size distribution at the outlet of the reactor for seed production runs in the PSPC at 
85°C as determined from TEM micrographs. From each sample at least 400 particles were measured. 
Recipe in table 4-2. 

Comparing the particle size distributions measured by TEM, see figure 4-17, for the different 
experiments, it is shown that the distributions are very similar. There is no indication of an effect 
of backmixing or retardation in the shape of the distributions for any of the experiments. The 
absence of an effect of backmixing is supported by the value of the nucleation zone Peclet 
number, which is equivalent to or considerably larger than the critical value reported by 
Hoedemakers, see table 4-3.  

table 4-3 Product particle size and nucleation zone Peclet number for PSPC experiments.  
Recipe in table 4-2. 

s·f [mm/s] 10 · 3.2 10 · 1.6 5 · 3.2 5 · 1.2 7 · 3.2 

Number average diameter [nm] 42.2 43.5 44.0 45.0 41.8 
Volume average diameter [nm] 43.5 44.8 44.7 45.8 43.2 
Particle concentration [m-3] 7.8·1021 7.1·1021 7.0·1021 6.6·1021 8.7·1021 
Polydispersity 1.03 1.03 1.02 1.02 1.03 
l [m] 0.65 0.80 0.80 0.70 0.70 
E [m2/s] 1.9·10-4 9.3·10-5 8.0·10-5 3.7·10-5 1.2·10-4 
Penucl [-] 14 36 42 81 25 

 
In summary, no significant influence of backmixing on the conversion profile or the final particle 
size distribution is observed for the range of conditions investigated. Also the presence of TBC 
does not affect the process. 

Besides increased backmixing, a higher pulsation velocity also results in more intense 
emulsification and improved heat transfer. From emulsification experiments reported in 
chapter 3 it was concluded that the lowest pulsation velocity used should be sufficient for 
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complete emulsification and therefore guarantees intrinsic polymerization. Both the particle size 
distributions and the conversion profiles indeed do not indicate mass transfer limitations, even at 
the lowest pulsation velocity.  

An increase of the pulsation velocity from 6 to 32 mm/s results in a tenfold increase of the 
partial heat transfer on the inside of the reactor. That no effect on the conversion profile was 
observed indicates that the temperature profile in the reactor did not change significantly. 

4.7.3 TEMPERATURE CONTROL 

The reaction rate in an ab initio batch emulsion polymerization, shown in figure 4-18, has an 
unusual profile compared to a normal first or second order chemical reaction, where the reaction 
rate starts high and steadily decreases. The reaction rate starts at zero and increases linearly with 
the number of nucleated particles. Once particle nucleation has ceased, the reaction rate levels off 
and subsequently starts to decrease because of the decreasing monomer concentration in the 
particles. 
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figure 4-18  Polymerization rate and conversion for a batch emulsion polymerisation at 80° using 
distilled styrene under an argon atmospheres. Recipe in table 4-2. 

In the batch reactor the transient heat production rate results in a temporary increase of reactor 
temperature before the control unit has adjusted the cooling jacket temperature, see figure 4-2. 
The magnitude of the temperature rise in a batch process depends on the reaction rate, see figure 
4-4 , and the cooling capacity of the reactor. On a small scale in the well-controlled reaction 
calorimeter the temperature increase was limited to 6 °C for the fastest reaction. 

In a continuous flow process operating in steady state like the PSPC, the heat production is 
constant. The cooling jacket can be set to a constant lower temperature and very good temperature 
control is possible, even for fast, highly exothermic reactions, as demonstrated in figure 4-13.  

For the recipe and reaction conditions used in the seed latex production in the PSPC, 
approximately 0.45 of all the monomer is converted in the first segment. From the close overlap 
of the conversion profiles of the PSPC and the batch experiment at 85 and 80°C, respectively, see 
figure 4-14, it can be expected that the polymerization rate over the first segment of the column 
follows a very similar profile to that of the first 200 seconds in the batch experiment, shown in 
figure 4-18. As a result of the considerably changing heat production rate and the constant 
temperature of the cooling jacket, the temperature increases as a function of axial position in the 
first segment, see figure 4-19.  
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The feed back control applied by the thermostat of the temperature measured at the outlet of 
the first segment at a position of x/L=0.19 results in a jacket temperature of approximately 80 °C. 
At the entrance of the reactor the reaction rate is very low and the preheated feeds are quickly 
cooled to the jacket temperature. The somewhat lower temperature in the reactor compared to the 
jacket originates from heat losses to the stainless steel pulsator unit. Moving downstream, the 
increasing heat production rate results in an increase of reaction temperature and an enhanced 
heat transfer rate. 
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figure 4-19  Temperature-space relationship in the PSPC for a seed latex production run at 85°C 
using styrene containing 50 ppm TBC. Temperatures were measured by inserting a thin Pt-100 
probe into the center of the reactor (markers). The difference between in- and outlet temperature of 
the cooling jacket, measured by Pt-100 probes, was less than 0.2 °C and average values are plotted 
(lines). Recipe in table 4-2, column PSPC B. Experiments were performed at different pulsation 
stroke length (s) and pulsation frequency (f)  

In the second segment the heat production rate starts to decrease and a negative axial temperature 
profile can be observed. The reduced overall heat production in the second segment compared to 
the first segment and the different temperature profile results in a higher temperature of the 
cooling jacket, which is controlled to keep the reaction temperature at 85 °C at x/L=0.39. As a 
result of the still high heat production rate at x/L=0.2 and the reduced temperature difference 
with the reactor wall, the temperature in the reactor rises further at and reaches its maximum 
value shortly after entering the second segment. In the second segment the heat production rate 
starts to decrease and the temperature in the reactor follows that trend. 

Increasing pulsation results in a higher overall heat transfer coefficient up to the limit where 
heat conduction through the wall and heat transfer to the jacket side become a limiting factor. 
Because of the rather low flow rates of the circulation pumps of the thermostat baths, the limiting 
overall heat transfer coefficient in this case is approximately 1 kWm-2K-1. Increasing the pulsation 
frequency at a stroke length of 10 mm therefore does not result in an increase in the overall heat 
transfer coefficient. Only the axial dispersive transport of heat is increased by an increased 
pulsation frequency and results in a higher temperature at the bottom of the first segment. To 
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keep the temperature at the outlet of the first segment at 85°C at an increased average 
temperature in the segment, the jacket temperature was set at a higher value by the controller. 

It is important to realize that it is impossible to operate this reactor isothermally if the 
reaction rate changes along the length of one segment. To reduce axial and radial temperature 
gradients, the parts of the reactor where the polymerization rate changes significantly should 
contain short, separately controlled segments. 

In scale-up, if the reactor diameter is increased, radial and axial temperature gradients 
originating from the changing reaction rate will increase and result in a different performance in 
terms of conversion profiles and product properties. In order to avoid scale-up problems, it is best 
to scale the overall heat transfer coefficient with the square of the diameter. Simulation of full-
scale performance in pilot plant trials could be obtained by a reduction of the heat transfer on the 
small scale. Without changing the pulsation velocity, this can be accomplished by a reduction of 
the flow rate through the jacket. 

A maximum reactor diameter can be estimated by demanding that the local heat production 
rate is smaller than the local heat removal rate, at all positions in the reactor. This does not result 
in isothermal operation, but guarantees safe operation by preventing runaway conditions. 
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 Eq. 4-9  

This maximum reactor diameter for safe operation (DMax) depends on the overall heat transfer 

coefficient (Uoverall), the temperature difference with the cooling liquid  (∆Treactor-jacket) the 

maximum polymerization rate (Rp,max) and the heat of reaction (-∆Hr). Since there are no 
correlations for estimating the partial heat transfer coefficient on the inside of the reactor it is 
difficult to make an estimate for the overall heat transfer coefficient. For the shell side, 
dimensionless correlations are available [VDI-Wärmeatlas, 1984] and a partial heat transfer 
coefficient can be calculated from estimates for the jacket geometry and coolant flow rate. From 
these correlations and the conductivity of the reactor wall, a value of 2 to 4 kW m-2 K-1 seems 
reasonable. Assuming that the resistance is located mainly at the outside and using a value of 2 
kW m-2 K-1 for the overall heat transfer coefficient, a maximum temperature difference with the 
cooling liquid of 30°C and a maximum polymerization rate of 0.01 kmol mw

-3 s-1; a maximum 
column diameter of 0.35 m is found for this particular seed latex production process. If the 
maximum polymerization rate is lower, considerably higher column diameters are feasible. 

4.7.4 INCREASED VISCOSITY 

For typical seed latex production the effect of viscosity on the reactor performance is not very 
important because the low polymer fractions result in a low viscosity product. To be able to make 
some predictions whether the column also can be used to produce high solids latex, it is 
interesting to study the performance at an increased viscosity. To keep the volumetric reaction 
rate high, a recipe that generates a large number of particles was used, see column PSPC C in 
table 4-2. Monomer content was changed from 0.25 to 0.35 and 0.44 kg/kg, resulting in a 
considerable increase in viscosity of the latex product, see figure 4-20. 

The increased viscosity for the experiment with a monomer mass fraction of 0.35 resulted in 
an identical temperature profile in the first segment and an equivalent temperature difference 
with the jacket in the second segment compared to the experiment at a monomer mass fraction of 
0.25, see figure 4-21. Apparently, the heat transfer resistance on the inside of the reactor is still 
small compared the heat transfer resistance of the reactor wall and on the outside. 
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figure 4-20  Rheological behavior of seed latex produced in a PSPC at 25°C. Recipe in table 4-2. 
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figure 4-21  Temperature and conversion profiles for a 35wt% styrene polymerization in the PSPC at 
85°C using styrene containing 50 ppm TBC. Temperatures were measured by inserting a thin Pt-100 
probe into the center of the reactor (markers). The difference between in- and outlet temperature of 
the cooling jacket, measured by Pt-100 probes, was less than 0.2 °C and average values are plotted 
(lines).  Recipe in table 4-2, column PSPC C. 

The experiment with a monomer mass fraction of 0.44 resulted in plugging of the column. The 
plugging occurred 1.5 mean residence times after the flow rate of the water phase had been 
decreased in order to increase the monomer mass fraction from 0.35 to 0.44. During the 
transition, the pressure fluctuations resulting from pulsation increased. To compensate for the 
increased pressure drop, the static pressure in the dampener unit was increased considerably. 
However, this could not prevent cavitation or degassing in the column and massive coagulation 
occurred. Viscosity for the latex with a monomer mass fraction of 0.44 is rather high because of 
the large number of small particles and is not representative for “normal” high solids latex. 
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Using the PSPC for high solids emulsion polymerization is not advisable. Also from the 
residence time distribution studies at increased viscosities, see chapter 3, it is clear that the mixing 
changes considerably if viscosity is increased beyond 25 mPa·s. Possibly the use of a different 
pulse generator or a different type of internals can extend the application range. 

4.7.5 PROCESS INTENSIFICATION 

Both from a process control point of view as well as economic considerations, simultaneous 
operation of both the heating and cooling operation in steady state mode would be much desired 
for seed latex production. The use of a continuous flow process allows heat of reaction to be 
transferred to the feed streams, thereby considerably reducing the amount of energy consumed. 
The time independent conversion-space relationship will make temperature control much more 
accurate and reactor use much more efficient because of the absence of filling, heating, cooling 
and discharging periods. Especially for fast reactions, these operations take up considerable batch 
reactor time compared to the period of reaction [Stonestreet et.al., 1999, Stonestreet and Mackley, 
1997].  

Furthermore, in a large-scale stirred tank reactor emulsion polymerizations are generally 
performed in semi-batch mode with a low monomer feed rate. Polymerization is slowed down to 
limit the heat evolution rate and to allow isothermal operation in a reactor with a low surface-to-
volume ratio. Using a smaller reactor with improved heat transfer properties will reduce heat 
transfer limitations. The reaction can be performed at much higher reaction rates using an 
increased monomer feed rate and the batch time can be reduced considerably. 

In case of a seed latex production run, the batch reactor probably is not operated isothermally 
and the process intensification with respect to reactor size that can be obtained is only the ratio of 
total process time and reaction time. Estimating the required reaction time to be about 10 
minutes and the total batch cycle to take about 100 minutes, the possible reduction of reactor size 
will be in the order of a factor 10. 

The transfer of the batch process to the PSPC will, besides a reduction of reactor size, result 
in much more reproducible product properties and a safer process because of the improved 
temperature control and the easy exclusion of impurities like oxygen. 

4.8 CONCLUSION 
Batch experiments using a specific polystyrene seed recipe have demonstrated that reaction 
temperature, although influencing the polymerization rate, hardly affects the particle 
concentration of the product latex and is not a very critical reaction parameter. The commonly 
used inhibitor in styrene, 4-tert-Butylcatechol (TBC), has no significant effect on the 
polymerization rate or the particle concentration provided all air is excluded from the reactor, 
which might be more difficult and costly to accomplish in a industrial batch process. 

In the continuous pulsed sieve plate column (PSPC) air is easily excluded and no effect of the 
presence of TBC is observed. The PSPC is an excellent reactor for seed latex production. Near 
plug flow behavior, good heat transfer and steady state operation result in a safe and well-
controlled process, that can be performed in a considerably smaller reactor because of the 
elimination of waiting periods. 
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Abstract 

The influence of conversion on the chemical composition of a 
copolymer product in the emulsion copolymerization of styrene 
and methyl acrylate in a CSTR is reported. A simple model 
considering phase equilibria and monomer reactivities is able 
to describe the experimental data well. Reaction temperature 
has no measurable effect on the copolymer chemical 
composition – conversion relationship. 

A cascade of two CSTRs has been applied to produce a 
copolymer product with a bimodal chemical composition 
distribution. Steady state is reached quickly and the control in 
terms of chemical composition and relative amounts of the two 
copolymers is simple and robust. 
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5.1 INTRODUCTION 
For the production of homogeneous copolymers of styrene and methyl acrylate in a semi-batch 
process, as discussed in chapter 1, a conversion dependent styrene feed rate has to be applied to 
keep the monomer ratio in the particles constant. This is very different in a continuous flow 
stirred tank reactor (CSTR). In a perfectly mixed CSTR operating in steady state, concentrations 
and conversions of all components are the same everywhere in the tank and homogeneous 
copolymers are formed. From a mass balance, phase equilibrium relations and reactivity ratios, 
the copolymer composition can be easily predicted as a function of conversion. Results of these 
model calculations are shown in section 5.2. 

For all composition control methods, irrespective of the type of reactor, phase equilibria and 
reactivity ratios for the monomer system have to be known. These parameters generally have been 
determined at only one temperature. From literature, discussed in section 5.3, a large effect of 
temperature on these parameters is not expected, although only very limited experimental 
evidence is available.   

To accurately study the influence of temperature on the phase equilibria and reactivity ratios a 
large number of partitioning experiments and bulk polymerizations at a considerable range of 
temperatures are required. In section 5.5 an alternative method, the use of steady state emulsion 
copolymerizations in a CSTR, is used to elucidate if there is a significant influence of temperature 
on either the phase equilibria or the reactivity ratios. 

Because the concentrations in each CSTR operating in steady state are constant, there is a 
step-wise change in concentrations from one tank to the next in a series of CSTRs. Taking 
advantage of this property, a series of two CSTRs can suit very well the production of a copolymer 
with a predefined bimodal CCD. Results of an experimental study are reported in section 5.6. 
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5.2 COMPOSITION CONTROL IN A CSTR 
To control copolymer composition in a batch reactor, a conversion-based monomer feed has to be 
applied. Prediction of the conversion-time profile is difficult because of the lack of accurate kinetic 
parameters and fitting is often necessary. A more generic feedback approach is to measure 
conversion on-line and calculate the addition rate of the monomers from the experimental 
conversion profile using reactivity ratios and partitioning data. 

In a continuous process operating with steady feeds, the conversion at a certain position 
becomes constant in time. If plug flow is approximated, the steady state conversion-space profile 
will be similar to the conversion-time profile in a batch process and product properties will be 
comparable. If, however, a cascade of fully backmixed reactors is used, the conversion-space 
profile is very different. In each perfectly mixed continuous flow stirred tank (CSTR) the 
concentrations will be constant if the reactor operates in a steady state and homogeneous 
copolymers will be formed. It has been shown that, although composition drift is absent in a 
single tank, the drift in the monomer composition entering subsequent tanks results in a multi-
modal CCD and the product is a heterogeneous copolymer [van den Boomen et.al., 1996]. Using a 
mechanistic model, the conversion in each tank can be predicted and, by applying an appropriate 
feed of the more reactive monomer to subsequent tanks in the cascade, the instantaneous 
copolymer composition can be kept constant resulting in a latex with a narrow CCD, i.e. a 
homogeneous copolymer product [van den Boomen, 1997, Meuldijk et.al., 2001]. 

In a continuously operated series of stirred tanks, the broad residence time distribution in 
each tank results in a considerably broader particle size distribution (PSD), even if seed latex is 
used to fix the particle concentration. The broad PSD makes accurate modeling of the overall 
reaction rate more difficult since the average number of radicals per particle can be strongly 
dependent on particle size. In principle this effect can be incorporated into the mechanistic 
model, but, the lack of accurate kinetic data limits the generic applicability.  

Especially for a CSTR process operating in steady state, the feed back control method, as 
applied successfully in batch, seems attractive since even slower off-line methods can be used to 
monitor (partial) conversion or copolymer composition. Besides changing the feed rate of 
additional monomer to a tank, also reactor temperature can be used to adjust reaction rates and 
increase or decrease conversion in a tank and change the copolymer composition.  

5.2.1 PREDICTION OF COPOLYMER COMPOSITION IN A CSTR 

The non-linearity in the partitioning equations, see appendix A, for calculating the partitioning of 
the monomers over the particle phase, the water phase and, if present, the monomer droplet 
phase, makes it impossible to derive an analytical expression for copolymer composition as a 
function of conversion in a CSTR, so an iterative procedure has to be used. From a mass balance 
for monomer A over the CSTR operating in steady state, expression 5-1 can be derived: 

monrA,monrA,monfA, G·X·FG·X)·(1fG·f +−=  Eq. 5-1 

where Gmon is the total molar flow rate of monomer entering the reactor, fA,f and fA,r are the molar 
fractions of free monomer A in the feed and in the reactor respectively, X is the overall conversion 
and FA,r is the fraction of monomer A in the copolymer formed in the reactor.  

To calculate the fraction of monomer A in the copolymer (FA,r) that is obtained at a certain 

conversion and monomer feed composition, an estimate for the molar fraction of A in the free 
monomer in the reactor was made. From this estimated fraction and the monomer to water ratio 
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in the feed, the fraction of A present in the particles can be calculated from the partitioning 
relations, see appendix A. Using the copolymerization reactivity ratios, the chemical composition 
of the formed copolymer then can be calculated, see appendix B. The sum of the two terms on the 
right hand side in equation 5-1 gives the monomer composition of the feed (f*

A,r) at which this 
condition is satisfied. This calculated feed composition is compared to the actual feed 
composition and an improved estimate for the composition of the free monomer in the reactor is 
made. This iteration continues until the feed composition calculated from the estimated 
monomer composition in the reactor approximates the used actual composition, see figure 5-1. 

Estimate 
fA,r 

Calculate 
fA,p from 
appendix A 

Calculate 
FA,r from 
appendix B

Calculate 
f*

A,f from 
equation 
5-1 

f*A,f - fA,f 
≤ tolerance 

No

Yes 

fA,f 
fA,r 
fA,p 
FA,r 

 
figure 5-1  Iterative calculation of copolymer composition for an emulsion copolymerisation in a 
CSTR operating in steady state for a given conversion and feed composition. 

An important assumption in using the partitioning equations to calculate monomer compositions 
in the different phases in a reacting system is that the system is close to equilibrium at all times, 
i.e. no mass transfer limitations exist. 

Using the discussed iteration method, the composition of the copolymer formed in a CSTR 
can be calculated for a given feed composition and a varying conversion. Results for a styrene and 
methyl acrylate emulsion copolymerisation are plotted in figure 5-2 for two different monomer 
compositions and three different monomer to water ratios. For low monomer fractions in the 
feed, the higher water solubility of methyl acrylate results in a fraction of styrene in the free 
monomer in particles that is considerably higher than the fraction of styrene in the free monomer 
in the reactor. At increasing monomer fractions, this effect becomes less important because of the 
increased organic and reduced aqueous volume fraction in the reactor. A similar observation has 
been made for copolymerizations in a batch reactor [Noël et.al., 1994, van Herk and German, 
1998]. If the reaction is performed at high monomer fractions, the effect of partitioning becomes 
negligible and a good estimate of the copolymer composition can be obtained using reactivity 
ratios only. 

For a styrene fraction of 0.25 kmol/kmol in the feed, the different reactivity ratios of styrene 
and methyl acrylate result in a considerably higher styrene fraction in the copolymer product 
compared to the monomer feed composition at low to moderate conversions. For higher 
conversions, the copolymer composition approaches the feed composition and becomes equal to it 
at a theoretical complete conversion.  

For a styrene fraction of 0.7 kmol/kmol in the feed, the system is close to its azeotropic point 
and the copolymer composition changes only slightly with conversion at high monomer fractions 
in the feed. For low monomer mass fractions in the feed and a styrene fraction of 0.7 kmol/kmol, 
the monomer partitioning results in a somewhat higher styrene fraction in the copolymer at low 
conversions. 
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figure 5-2  Styrene fraction in copolymer, free monomer in the particles and free monomer in the 
reactor as a function of conversion for an emulsion copolymerisation of styrene and methyl acrylate. 
Results are shown for two different styrene fractions (fS in [kmol/kmol]) and three different 
monomer mass fractions (wM in [kg/kg]) in the feed. For all calculations a mass fraction of 0.05 seed 
in the feed was used. Parameters in appendix A and B. Reactivity ratios given by Schoonbrood [1996] 
were used.  
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Both for the reactivity ratios and for the monomer saturation concentrations in the polymer and 
aqueous phase, different values have been reported in literature. Manders [1997] reported new 
values for the reactivity ratios, measured using an improved experimental design and data 
evaluation method. The effect of using different reactivity ratios appears to be marginal in 
estimating the composition of the copolymer product, see figure 5-3 
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figure 5-3  Calculated copolymer composition (FS) as a function of conversion for an emulsion 
copolymerisation of styrene and methyl acrylate. Results are shown for two different monomer 
compositions (fS in [kmol/kmol]) at a monomer mass fraction (wM ) of 0.5 kg/kg in the feed. For all 
calculations a seed mass fraction of 0.05 in the feed was used. Two different sets of reactivity ratios 
were used, other parameters see appendix A and B. 

Monomer saturation concentrations in the particles have been shown to depend on the nature of 
the polymer. For example, the methyl acrylate saturation concentration changes from 6 to 8 kmol 
mp

-3 if a polymethyl acrylate seed is used instead of a polystyrene seed. [Maxwell et.al., 1992b].  
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figure 5-4  Calculated copolymer composition (FS) as a function of conversion for an emulsion 
copolymerisation of styrene and methyl acrylate in a CSTR. Results are shown for two different 
monomer compositions (fS in [kmol/kmol]) at a monomer mass fraction (wM ) of 0.1 kg/kg in the 
feed. For all calculations a seed mass fraction of 0.05 in the feed was used. Three different sets of 
polymer phase monomer saturation concentrations ([M],p,sat in kmol mp

-3) were used, other 
parameters in appendix A and B. 
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Varying the saturation concentrations in the model calculations, however, does not change the 
copolymer composition and an accurate estimate does not seem to be necessary, see figure 5-4. 
The aqueous phase monomer saturation concentration of methyl acrylate has a somewhat larger 
influence, but the effect is still small even at a low monomer weight fraction of 0.1 kg/kg, see 
figure 5-5. 
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figure 5-5  Calculated copolymer composition (FS) as a function of conversion for an emulsion 
copolymerisation of styrene (S) and methyl acrylate (MA). Results are shown for two different 
monomer compositions (fS in [kmol/kmol]) at a monomer mass fraction (wM ) of 0.1 kg/kg in the 
feed. For all calculations a seed mass fraction of 0.05 in the feed was used. Three different sets of 
aqueous phase monomer saturation concentrations ([M]aq,sat in kmol mw

-3) were used, other 
parameters in appendix A and B. 

From the results in figure 5-3, figure 5-4 and figure 5-5 it can be concluded that the model 
calculations of the copolymer composition – conversion relationship in a CSTR are not very 
sensitive to changes in the saturation concentrations or reactivity ratios. 

5.3 INFLUENCE OF TEMPERATURE ON REACTIVITY RATIOS AND 

PARTITIONING 
The monomer partitioning relations and the monomer reactivity ratios have to be known to be 
able to predict and control the copolymer composition as a function of conversion, irrespective of 
the type of reactor. In the previous section it was shown that small changes in these parameters 
have only a marginal effect on the predicted copolymer composition in a CSTR, suggesting that 
for example small temperature dependencies can be neglected. Because most reactivity ratios and 
saturation concentrations have been determined at a single temperature only, it is not certain 
what and how large the influence of reaction temperature on these parameters will be. 

In a theoretical contemplation, considering the pseudo activation energies of the reactivity 
ratios, O’Driscoll came to the conclusion that the influence of temperature on most reactivity 
ratios is small and that a considerable effect can only be expected if a reactivity ratio is smaller 
than 0.1 or larger than 10 [O'Driscoll, 1969]. No experimental data were given to support this.  

The saturation swelling concentrations of monomer in the particle and aqueous phase, 
needed for solving the partitioning equations presented by Noël [Noël et.al., 1993] have been 
determined mostly at room temperature. Examining the principle equation used for describing 
monomer partitioning for saturation swelling with one monomer; the Morton equation [Morton 
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et.al., 1954], see equation 5-3, Maxwell came to the conclusion that temperature does not change 
the partitioning between particle and droplet phase to a large extent [Maxwell et.al., 1992a].  
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In the Morton equation, νp is the volume fraction of polymer in the latex particles, <Mn> is the 

number average degree of polymerization, R is the gas constant, T temperature, χ the Flory-

Huggins interaction parameter, Vm the partial molar volume of the monomer, γ the particle-water 
interfacial tension and R0 the unswollen particle radius. Maxwell arrived at his conclusion by 
postulating that the term describing the free energy of the particle-water interface is unlikely to be 
affected by a change in temperature. Also the free energy of monomer-polymer mixing will not be 
very much affected by a change in temperature since the main contribution to this term is from 
changes in conformational entropy due to mixing, which does not show a temperature 
dependence. An extension to the Morton equation was made by Vanzo [Vanzo et.al., 1965] to 
include partial swelling by one monomer if no droplets are present and results in equation 5-3: 
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Where [M]aq and [M]aq,sat stand for the monomer concentration and saturation monomer 
concentration in the water phase, respectively. From saturation concentration measurements at 
20 and 45°C for methyl acrylate by Maxwell, it was found that the difference in the aqueous phase 
saturation concentration, of 0.68 and 0.63 kmol mw

-3 respectively, is small. From equation 5-3 it 
therefore was concluded that also for partial swelling no large change in partitioning behavior 
with temperature is expected. Since the extension of equations 5-2 and 5-3 to two monomers does 
not change the basic thermodynamic relations [Noël et.al., 1993], it can be expected that also for 
the partitioning of two monomers no large effect of temperature will be observed.  

The reactivity ratios and partitioning behavior are unlikely to change very much with 
temperature, however, this has not been investigated experimentally over a wide temperature 
range, specifically not at higher temperatures. To determine whether a single set of reactivity 
ratios and partitioning parameters can be used to predict the copolymer composition over a wide 
temperature range, it was decided to perform steady state seeded emulsion copolymerizations of 
styrene and methyl acrylate in a CSTR at different temperatures. 
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5.4 EXPERIMENTAL 
All experiments were performed in a 2.4 dm3 stainless steel jacketed reaction vessel. The vessel 
was equipped with four baffles and a six bladed turbine impeller with a diameter of 0.33 relative to 
the tank diameter. The rotational speed of the stirrer was 11.7 s-1. The stirrer was positioned 86 
mm above the bottom. In experiments where the reactor was not completely filled, the stirrer was 
positioned halfway the liquid level and the bottom of the vessel. A more detailed description of the 
used reactor is given in chapter 2. A small Argon flow was passed through the magnetic stirrer 
coupling into the reactor to keep the coupling free from latex. At temperatures exceeding the 
boiling point of methyl acrylate, the reactor was operated at an elevated pressure to reduce 
evaporation. In such case, the product mixture was cooled to ambient temperature by a heat 
exchanger and subsequently the pressure was relieved. The absolute pressure in the reactor was 
kept at three bars by a backpressure regulator. 

To reduce the start-up period, the emulsified feeds were pumped into an empty reactor at 
room temperature. After the reactor had reached its desired fill level, temperature was increased 
quickly by starting the circulation pump of the preheated thermostat bath. In the experiments in a 
single CSTR, the reactor was allowed to stabilize during 5 mean residence times after startup or 
after a change in operating conditions. In the experiments either the temperature or the residence 
time was increased stepwise. For experiment 3 and 8, the mean residence time was modified by 
changing the flow rates to a completely filled reactor. In experiment 1, 2 and 4, mean residence 
time was modified by stepwise changing the liquid volume in the reactor at a single flow rate. The 
second method was applied to reduce the mean residence time at a given maximum flow rate, 
which results in lower conversions. 

In the experiment with two CSTRs in series the effluent from the first reactor was sampled 
and sent to the bottom of the second reactor. In the second part of the experiment, a pure methyl 
acrylate feed stream was added to the feed stream leaving the first CSTR and the temperature in 
the second CSTR was raised from 50 to 65°C to increase conversion. 

Samples were taken at the outlet of the reactor. Overall conversion was determined 
gravimetrically, partial conversions by gas chromatography (GC) using an external standard. The 
intermolecular chemical composition distribution was measured by gradient polymer elution 
chromatography (GPEC), see chapter 2. All experiments were carried out with a polystyrene seed 
latex in the water feed stream. Seed latex had been produced in the pulsed packed column, see 
chapter 4. The fractional surface coverage of the used seed latex with sodium dodecylsulfate was 
0.8, polymer weight fraction 0.25. A small amount of monomer had been added to the water 
phase and the whole was stirred during one night to pre-swell the seed latex particles. The recipes 
for the experiments in a single CSTR are collected in table 5-1. Experiments were performed with 
a monomer weight fraction in the feed (wm,feed) of 0.08, 0.22 and 0.42 kg/kg and free styrene 
mole fractions in the feed (fs,feed) of 0.15, 0.25 and 0.55 kmol/kmol.  

The recipe for the production of a copolymer with a bimodal CCD in the cascade of two 
CSTRs is given in table 5-2. Mean residence time for the experiment with two CSTRs was 
calculated per tank, dividing the reactor volume by the momentary flow rate. Dimensionless time 
is defined as process time divided by the mean residence time in each tank. Because of the 
somewhat larger flow rate to the second tank after the methyl acrylate feed is started, the 
dimensionless time for the two tanks start to diverge. 
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table 5-1 Reaction conditions and recipe for seeded emulsion copolymerisation of styrene and 
methyl acrylate in a single CSTR 

Process parameters Exp 1  Exp 2  Exp 3 Exp 4  

VCSTR [dm3] 0.72-1.1-2.4 0.72-1.1-2.4 2.4 0.72-1.1-1.5 

τCSTR [s] 780-1187-2577 212-325-708 737-1860-3988 211-326-447 

dp seed latex [nm] 41.8 41.8 40.5 41.8 

T±0,2 [°C]  50 80 50 80 

   (τCSTR=737s)  

Process feeds [kg/s] [kg/s] [kg/s] [kg/s] 

Styrene 1.07·10-4 3.94·10-4 7.38·10-5 7.62·10-5 
Methyl acrylate  2.67·10-4 9.80·10-4 1.85·10-4 1.90·10-4 
Sodiumdodecylsulfate 1.24·10-6 4.50·10-6 9.20·10-6 6.61·10-6 
Sodiumcarbonate 8.64·10-7 3.14·10-6 3.89·10-6 4.01·10-6 
Sodiumpersulfate 2.06·10-6 7.16·10-6 6.77·10-6 7.83·10-6 
n-Dodecanethiol 3.75·10-6 1.37·10-5 2.59·10-6 2.66·10-6 
Water 4.70·10-4 1.72·10-3 2.79·10-3 2.87·10-3 
Polystyrene seed (dry) 2.94·10-5 1.07·10-4 8.28·10-5 8.58·10-5 
Number of particles [s-1] 7.27·1014 2.65·1015 2.36·1015 2.12·1015 

    fs feed [kmol/kmol] 0.25 0.25 0.25 0.25 
    w m,feed [kg/kg] 0.42 0.42 0.08 0.08 

 
Process parameters Exp 5  Exp 6 Exp 7 Exp 8  

VCSTR [dm3] 2.4 2.4 2.4 2.4 

τCSTR [s] 710 1785 1759 
879-1761- 
2687-3525 

dp seed latex [nm] 40.5 38.7 38.7 38.7 

T±0,2 [°C]  40-55-75 50-55-60-65 50-55-60-65 50 

    (τCSTR=879s) 
Process feeds [kg/s] [kg/s] [kg/s] [kg/s] 

Styrene 6.94⋅10-5 5.14⋅10-5 1.70⋅10-4 3.42⋅10-4 

Methylacrylate  1.73⋅10-4 2.42⋅10-4 1.16⋅10-4 2.32⋅10-4 

Sodiumcarbonate 4.09⋅10-6 1.34⋅10-6 1.35⋅10-6 2.68⋅10-6 

Sodiumpersulfate 6.85⋅10-6 3.01⋅10-6 3.31⋅10-6 6.32⋅10-6 

Sodiumdodecylsulfate 9.48⋅10-6 2.90⋅10-7 6.89⋅10-7 6.08⋅10-7 

n-Dodecanethiol 2.43⋅10-6 - 2.87⋅10-6 5.72⋅10-6 

Water 2.94⋅10-3 9.45⋅10-4 9.66⋅10-4 1.91⋅10-3 

Polystyrene seed (dry) 8.75⋅10-5 3.12⋅10-5 3.18⋅10-5 6.25⋅10-5 

Number of particles [s-1] 2.49⋅1015 9.05⋅1014 9.37⋅1014 1.81⋅1015 

    fs feed [kmol/kmol] 0.25 0.15 0.55 0.55 
    w m,feed [kg/kg] 0.08 0.23 0.22 0.22 

 
Copolymer chemical composition was calculated from the partial reaction rates of styrene and 
methyl acrylate using: 

MAMASS
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S nXnX

nX
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R
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··
·

+
=

+
=  Eq. 5-4 

with FS as the instantaneous styrene fraction in the copolymer, RS as the molar reaction rate of 
styrene and RMA as the molar reaction rate of methyl acrylate. Molar reaction rates are calculated 
from the partial conversions (X) and molar feed rates (n) of styrene and methyl acrylate. 
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table 5-2 Reaction conditions and recipe for the production of a copolymer with a bimodal CCD 
through seeded emulsion copolymerisation of styrene and methyl acrylate in a series of 
two CSTRs 

Process parameters 

VCSTR [dm3] 2.4  

τCSTR  (per tank) [s] 1768   (1549 with MA feed)  
dp seed latex [nm] 38.7   

T±0,2 [°C] reactor 1 50  

T±0,2 [°C] reactor 2 50 → 65 (at 7τ)  
   

Process feeds [kmol/s] [kg/s] 

Styrene 1.31⋅10-6  1.36⋅10-4 

Methylacrylate  1.08⋅10-6 9.26⋅10-5 

Methylacrylate feed reactor 2 2.6⋅10-6  (started at 7τ) 2.24⋅10-4 

Sodiumdodecylsulfate 1.29⋅10-9  3.71⋅10-7 

Sodiumcarbonate 1.27⋅10-8  1.35⋅10-6 

Sodiumpersulfate 1.34⋅10-8  3.19⋅10-6 

CTA  n-dodecanethiol 1.12⋅10-8 2.29⋅10-6 

CTA  n-dodecanethiol to reactor 2 1.10⋅10-8 2.24⋅10-6 

Water  1.02⋅10-3 

Polystyrene seed (dry)  2.54⋅10-5 

Number of particles [s-1]  7.48⋅1014 
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5.5 STEADY STATE MEASUREMENTS 
To investigate the influence of temperature on the reactivity ratios and partitioning, experiments 
were performed at different temperatures and different monomer to water ratios for a single 
monomer composition (experiment 1 through 4). For every experiment, see table 5-1, the mean 
residence time was increased stepwise. A stepwise increase of the mean residence time resulted 
in a stepwise increase of steady state conversion. An example is shown in figure 5-6. 
Furthermore, to study how temperature influences conversion, experiments were performed in 
which reaction temperature was increased stepwise (experiment 5 through 7). An example is 
shown in figure 5-7. Experiments 6, 7 and 8 were used to find the optimal reaction conditions for 
the production of a copolymer with a bimodal CCD, see section 5.6.  
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figure 5-6  Conversion as function of dimensionless residence time for a seeded emulsion 
copolymerization of styrene and methyl acrylate at 50°C in a CSTR. Recipe in table 5-1, experiment 8. 
After 5.3, 10.5 and 15.3 mean residence times the mean residence time was increased with a step from 
879 to 1761 to 2687 to 3525 seconds, respectively. 

For both a stepwise increase in mean residence time or a stepwise increase of reaction 
temperature, conversion responded quickly to a change in conditions and the reactor reached a 
steady state within three mean residence times. No oscillations in conversion were observed. 
From steady state partial conversions, calculated by averaging data at the different plateau 
conversions to filter experimental scatter, the average chemical composition of the copolymer was 
calculated using equation 5-4. Because of the exponential residence time distribution, the 
copolymer product leaving the reactor shortly after steady conversions were reached, still contains 
a considerable amount of copolymer chains formed during the transition period. Therefore, 
copolymer composition was determined by GPEC from samples taken after the conversions had 
been steady for at least two mean residence times. 
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figure 5-7  Conversion as function of dimensionless residence time for a seeded emulsion 
copolymerization of styrene and methyl acrylate for a mean residence time of 710 seconds in a 
CSTR. Recipe in table 5-1, experiment 5. After 9.3 and 15.3 mean residence times reactor temperature 
was increased with a step from 40 to 55 and from 55 to 75°C respectively. 
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figure 5-8  Chemical composition of the copolymer (FS) and free monomer (fs,r) in the reactor versus 
conversion in steady state operation. Free monomer composition was measured by GC ( ), 
copolymer composition measured by GPEC ( ) and calculated from GC ( ). Lines: model 
prediction for FS and fS,r. Left figure: experiment 1 (open markers) and 2 (grey markers) at 50, 
respectively 80°C where mean residence time was increased stepwise using a monomer weight 
fraction (wM) of 0.42 kg/kg and a styrene fraction of 0.25 kmol/kmol in the feed. Right figure: 
experiment 3 (open markers) and 4 (grey markers) at 50, respectively 80°C where mean residence 
time was increased stepwise using a monomer weight fraction of 0.08 kg/kg and a styrene fraction 
of 0.25 kmol/kmol in the feed. Full markers denote experiment 5 where temperature was increased 
stepwise. Recipe in table 5-1. 

In figure 5-8 the measured and calculated free monomer composition and copolymer composition 
for two different temperatures and two different monomer fractions are collected. At low 
conversions, the calculated copolymer compositions from GC data show considerable scatter. This 
is caused by the sensitivity of the method to errors in the measured styrene fraction in the free 
monomer and the measured overall conversion at low conversion, see equations 2-9, 2-10 and 
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2-11. It can be concluded that GC is only a suitable method to determine instantaneous copolymer 
composition if the overall conversion is higher than 0.2. The model fits the experimental data 
fairly well but, even more important, the experimental data at the two different temperatures are 
on the same trend line. These results point to a negligible influence of reaction temperature on 
the copolymer composition-conversion relationship. It does not necessarily mean that the 
partitioning behavior or reactivity ratios are not influenced since both effects could cancel. 

At the high monomer fraction of 0.42 in the feed it can be expected that the possible 
influence of temperature on partitioning behavior is small, see figure 5-2. That no influence of 
temperature is observed in the GPEC data at the high monomer fraction therefore leads to the 
conclusion that the influence of temperature on the reactivity ratios is negligible. From this 
conclusion and the absence of a temperature influence on the copolymer composition in the 
experiments performed at low monomer fractions it can be concluded that also the partitioning 
behavior is not significantly dependent on temperature. 

The differences between the GC and GPEC method show that the absolute experimental 
accuracy is limited. Therefore no conclusions can be made about the differences between model 
predictions and experimental values. It has to be noted that the differences are small and that the 
model can be used very well to predict copolymer composition-conversion relationships in a 
CSTR. 

From the stepwise increase of conversion with temperature in figure 5-7 it can be concluded 
that temperature can be used very well to influence reaction rates and to tune conversion. 
Comparing the experiments with a stepwise increased temperature to the isothermal experiments 
in both figure 5-8 and figure 5-9, the conclusion is confirmed that that it does not make any 
difference for the chemical composition of the copolymer how a certain conversion is obtained. 
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figure 5-9  Chemical composition of the copolymer (FS) and free monomer (fs,r) in the reactor versus 
conversion in steady state operation. Free monomer composition was measured by GC ( ), 
copolymer composition measured by GPEC ( ) and calculated from GC ( ). Left figure: experiment 
6 where temperature was increased stepwise using a monomer weight fraction (wM) of 0.23 kg/kg 
and a styrene fraction of 0.15 kmol/kmol in the feed.  Right figure: experiment 7 (closed markers) 
where temperature was increased stepwise and experiment 8 (open markers) at 50°C where mean 
residence time was increased stepwise using a monomer weight fraction of 0.22 kg/kg and a styrene 
fraction of 0.55 kmol/kmol in the feed. Recipe in table 5-1 
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5.6 PRODUCTION OF A COPOLYMER WITH A BIMODAL CCD 
Production of copolymers with a broad CCD can be of practical interest since specific broad 
distributions can result in improved mechanical properties of the copolymer [Schoonbrood et.al., 
1993]. A bimodal CCD could be of particular interest since the different composition of the two 
classes of chains can result in micro phase separation and might give special product properties. 
Producing these copolymers in batch is difficult since the instantaneous shift of the monomer 
composition in the reactor to a new value requires the very quick addition of a large amount of 
monomer. This is very different in a series of CSTRs. Without any additional feeds, the monomer 
composition in the subsequent tanks changes as a result of different reactivities of the monomers 
and results in a multimodal distribution [van den Boomen et.al., 1996]. 

Using the model predictions and experimental data from section 5.5 an experiment was 
designed to produce a copolymer with a bimodal intermolecular chemical composition 
distribution (CCD) in a series of two tanks. The aim was to produce a copolymer with a high 
styrene (FS=0.65 kmol/kmol) content in the first reactor and a copolymer with a low styrene 
content in the second reactor (FS=0.35 kmol/kmol).  

The styrene rich copolymer can be produced using the feed composition in experiments 7 
and 8, see table 5-1. From an estimate of conversion in the first tank, the monomer fraction and 
monomer composition of the reaction mixture flowing to the second tank were calculated. 
Knowing that the feed used in experiment 6 results in a copolymer with a fraction with the 
desired low styrene content at a fractional conversion of 0.35, the additional feed rate of methyl 
acrylate to the second tank was calculated. Temperature in the second tank was manipulated to 
obtain the desired conversion. 

To study the effect of a product change, the experiment was started without the extra methyl 
acrylate feed. After 7 mean residence times the methyl acrylate feed to the second reactor was 
started and temperature in the second reactor increased to 65°C. Results are shown in figure 5-10. 
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figure 5-10  Seeded emulsion copolymerization of styrene and methyl acrylate at 50°C in a cascade of 
two CSTRs. Styrene ( ), methyl acrylate ( ) and overall ( ) conversion are plotted on the left y-axis, 

fraction of free styrene in the reactor ( ) on the right y-axis. The dimensionless residence time is 
calculated per tank and is based on the momentary flow rates to each individual reactor. After 7 
mean residence times an additional methyl acrylate feed to the second reactor was started and also 
the temperature in this reactor increased to 65°C. Recipe and process conditions in table 5-2 
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Conversion in the first tank became stable after approximately 3 mean residence times. 
Stabilization of conversion in the second tank took more time because the feed, which is the 
effluent of the first tank, does not have a constant composition during the start-up period in the 
first tank. Steady conversions are obtained after 5 mean residence times. The somewhat lower 
styrene fraction in the feed to the second tank compared to the feed to the first tank also results in 
a lower styrene fraction in the free monomer in the second tank. At this lower styrene fraction, 
the difference between the partial conversions of styrene and methyl acrylate is larger and the net 
effect is an only slightly lower chemical composition of the copolymer produced in the second 
tank. 

The chemical composition distribution of the copolymers produced in the first tank and in 
the series of two tanks were measured with GPEC. The copolymer from the first reactor was 
homogeneous and had an average styrene content of 0.68 kmol/kmol. During the first part of the 
experiment the copolymer formed in the second tank has a slightly lower styrene content. The 
copolymer flowing from the second reactor is bimodal in principle, but the small difference in 
composition between the copolymer produced in the first and second tank make it appear almost 
homogeneous. The average chemical composition is lower and the distribution somewhat broader 
compared to the product from the first tank, see figure 5-11. 
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figure 5-11  GPEC chromatogram using the ELSD of the product from the first ( ) and second ( ) 
reactor in a cascade of two CSTRs before the additional feed of methyl acrylate to the second reactor 
was started. Sample taken after 7 mean residence times. Response of the ELSD detector is plotted. 

After the start of the methyl acrylate feed stream to the second reactor and the increase of 
temperature, steady conversions were reached within 3 mean residence times. The styrene 
fraction in the free monomer in the second reactor decreased to 0.1 kmol/kmol, partly because of 
the larger methyl acrylate feed rate, partly because of the larger difference between the free 
monomer composition and the copolymer composition, see figure 1-2. 

The CCD of the product was monitored during the transition period using GPEC, see the 
chromatograms plotted in figure 5-12. The distribution changes from one relatively broad peak to 
two narrow peaks. It is important to note that the CCD is still changing 3 mean residence times 
after the change in reaction conditions, whereas the conversions had become stable at that time. If 
conversions are used to monitor the process, the exponential residence time distribution of the 
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formed copolymer in the reactor has to be taken into account in determining when the product 
properties have become steady.  
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figure 5-12  GPEC chromatogram using the ELSD of the product from a cascade of two CSTRs at 
different residence times. Lines show the transition from a unimodal distribution (styrene fraction of 
0.65 kmol/kmol) to a bimodal distribution (0.33 and 0.68) after the additional feed of methyl acrylate 
to the second reactor was started. Samples taken at 8.5, 9.1, 9.8, 11.5 and 13.7 mean residence times. 

The GPEC chromatogram of the latex produced during the second steady state, see figure 5-13, 
approximates the desired CCD closely. The difficult baseline correction for the UV detector results 
in two somewhat broad peaks. The linear response to the styrene content and the relative surface 
areas of the two peaks indicate that more of the copolymer with a low styrene fraction was formed. 
From the absence of any copolymer with an intermediate chemical composition in the ELSD 
trace, it can be concluded that the monomer concentration in the particles changed 
instantaneously when they entered the second reactor. Since the growth period of a single chain is 
short compared to the mean residence time in the reactor, the amount of chains that started to 
grow in the first reactor and finished in the second is negligible and only two discrete chemical 
compositions are observed. 

It is important to realize that the intermolecular CCD plotted in figure 5-13 is not a property of 
a single particle, but has become an average distribution of all particles because of the residence 
time distribution in the process. Different classes of particles can be distinguished, each with a 
typical exit age ratio, defined as the time spent in the second reactor over the time spent in the 
first reactor. Assuming an equal growth rate for all particle sizes, the intermolecular CCD of a 
particle class with a certain exit ratio can be calculated, see figure 5-14. Particles that spent a long 
period in the first and only a short period in the second reactor will contain a large amount of 
copolymer with an average styrene fraction of 0.68 kmol/kmol and only a small amount of 
copolymer with a styrene fraction of 0.33 kmol/kmol and vice versa.  

This distribution-on-the-distribution will not be of importance if the polymer is collected from 
the latex and processed, since then all the chains will be mixed to form a single CCD. However, if 
the product is applied as latex, the different composition of the individual particles will result in 
different local polymer properties. 
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figure 5-13  GPEC trace of the product from a cascade of two CSTRs at steady state. Thick solid line 
denotes UV-detector response, corrected for base absorption and divided by FS.  Thin dotted line 
denotes the ELSD response. 
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figure 5-14  Calculated interparticle intermolecular chemical composition distribution of a latex with a 
bimodal CCD produced in a cascade of two CSTRs. Each particle class with a certain exit age ratio has 
a specific CCD. The distribution was calculated from the residence time distribution functions of the 
two tanks and figure 5-12. Exit age ratio is defined as exit age tank 2 over exit age tank 1. Equal growth 
rates are assumed for all particle sizes in the calculations. 
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5.7 CONCLUSION 
Chemical composition of a styrene-methyl acrylate copolymer produced in a single CSTR by 
emulsion polymerization is only dependent on feed composition and conversion since 
temperature does not significantly influence reactivity ratios or phase equilibria. Temperature 
therefore can be used freely to manipulate conversion and obtain a desired copolymer 
composition in a single CSTR for a given feed composition and mean residence time. 

A series of two CSTRs is an excellent reactor configuration for the production of emulsion 
copolymers with a bimodal intermolecular chemical composition distribution without the need for 
a large amount of kinetic data. Detailed mechanistic modeling can be avoided by using screening 
experiments in a single CSTR to get an estimate of steady state conversion. For a certain steady 
state conversion, copolymer composition produced in each CSTR can be easily predicted from 
feed composition, phase equilibria data and reactivity ratios. The method was verified 
experimentally and resulted in a copolymer with a perfectly bimodal CCD, closely matching the 
desired one. 
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Abstract 

Open loop control of the intermolecular chemical composition 
distribution (CCD) without any on-line conversion sensors 
requires a good model prediction of the course of the reaction. 
A relatively simple emulsion copolymerization model for a 
seeded reaction was applied successfully in the batchwise 
production of a copolymer with a bimodal and a block-shaped 
CCD in a stirred tank reactor.  

Combination of the emulsion copolymerization kinetics, phase 
equilibria and the stage-wise mixing with discrete backflow 
model gave a good description of the conversion profiles and 
the CCD of a seeded emulsion copolymerization in the pulsed 
sieve plate column (PSPC) reactor and is a useful tool for the 
design of new experiments  

The axial mixing in the PSPC resulted in small to considerable 
differences in the CCD of the product latex compared to latex 
produced in a semi-batch operated stirred tank, depending on 
the used pulsation velocity. With 5 to 10 monomer side-feeds 
and a properly chosen pulsation velocity, the PSPC can offer 
the same flexibility in the production of copolymers with a 
predefined CCD as the semi-batch process. 
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6.1 INTRODUCTION 
Control of the instantaneous chemical composition of the copolymer as a function of conversion 
in an emulsion copolymerisation requires addition of monomers during the course of the 
reaction. Accurate control of the instantaneous composition results a polymer product with a 
predefined intermolecular chemical composition distribution (CCD). In batchwise operated 
stirred tank reactors, the monomers can be supplied in a continuous (variable rate) feed mode or 
in a discrete pulsewise addition mode. If a semi-batch process is transferred to a continuous 
tubular reactor, the time-based feed profile has to be translated into a number of continuous 
constant feed rates at various axial positions. In a tubular reactor without axial mixing and with 
perfect radial mixing, i.e. plug flow; the concentration of the fed component increases stepwise at 
the feed position, just like in the pulsewise addition mode in a batchwise operated stirred tank. 
For considerable axial mixing, the stepwise increase of the concentration profile will be smoothed 
and no longer resembles the pulsewise addition mode in batch operation.  

This chapter reports the performance in terms of CCD control of the continuous flow tubular 
pulsed sieve plate column process (PSPC) at both moderate and intense axial mixing conditions. 
The performance of the PSPC is compared with traditional semi-batch operation. In the semi-
batch operation both the continuous and pulsewise addition modes are used. Production of 
copolymers with two different types of heterogeneous CCDs is chosen to discriminate the 
performance of the PSPC using side-feeds and the semi-batch reactor for reasons discussed in 
chapter 1. 

The accurate prediction of local monomer concentrations and conversions in the PSPC 
requires a combination of emulsion copolymerization kinetics, see chapter 1, and reactor flow 
patterns, see chapter 3. The chosen modeling approach is explained in section 6.2. The model was 
used to develop strategies to obtain predefined CCDs in a PSPC process. 

In section 6.4 it is demonstrated that the production of a copolymer with a bimodal CCD at 
limited axial mixing conditions in the PSPC is very similar to a semi-batch process in a stirred 
tank with pulsewise additions. Both for the semi-batch and PSPC process the observed conversion 
profiles and CCDs of the product are well described by the used semi-batch and PSPC model, 
respectively. Also the small, but characteristic, difference between the semi-batch and PSPC 
process is predicted well by the two models. 

In section 6.5 it is demonstrated that in a semi-batch process a copolymer with a block-
shaped CCD can be produced using model-predictive control, provided that the particle 
concentration is known accurately. The attempted transfer of the semi-batch process, using a 
continuous addition profile, to a PSPC process using a limited number of side-feeds and intense 
axial mixing conditions was not successful. The combination of the shape of the backmixing 
profile in the PSPC and the composition drift of the studied emulsion copolymerization, resulted 
in a CCD with the same upper and lower composition, but with a very different distribution. Also 
in this case, the semi-batch and PSPC conversion profiles and CCDs were well described by used 
semi-batch and PSPC models. 

In section 6.6, the validated PSPC model is used to examine methods to improve 
composition control for the production of homogeneous copolymers, copolymers with a bimodal 
CCD and copolymers with a block-shaped CCD in the PSPC. The flexibility of the process towards 
product changes is demonstrated in section 6.7. 



CCD control in the PSPC 133 

6.2 MODELING EMULSION COPOLYMERIZATION 
In the emulsion copolymerization of sparsely to moderately water-soluble monomers like styrene 
and methyl acrylate, most of the polymerization occurs in the polymer particles. The contribution 
of aqueous phase polymerization to the monomer conversion is very small and therefore can be 
neglected in model prediction of the conversion. Because of the different water and polymer 
solubility of styrene and methyl acrylate, the fraction of styrene in the free monomer dissolved in 
the polymer particles is higher than the fraction of styrene in the free monomer overall in the 
reactor, see figure 1-2. Using mathematical relations for the monomer partitioning, see appendix 
A, the monomer concentrations at the locus of reaction, i.e. in the particles, can be calculated. 
From the monomer concentrations in the particles, the instantaneous copolymerization 
composition can be calculated using the implicit penultimate copolymerization model, see 
appendix B. Combining the polymerization rate coefficient, the local total monomer 
concentration, the average number of radicals per particle and the particle concentration, the 
volumetric polymerization rate can be calculated, see section 1.2.1. 

The influence of temperature on the penultimate reactivity ratios and the monomer 
partitioning is small as demonstrated in chapter 5, and was neglected in the model calculations. 
The effect of temperature on the homopolymerization rate coefficients was included using the 
Arrhenius equation, see appendix B. 

6.2.1 BATCH MODEL 

The mixing in a small scale stirred tank reactor is fast, in the order of seconds, compared to the 
time constant of reaction, in the order of minutes, and the reactor therefore can be considered as 
perfectly mixed. The volumetric reaction rate is calculated from the partitioning of the monomers 
and the copolymerization kinetics. Subsequently, taking a small time-step, the conversion of the 
monomers is calculated and the mass balances are updated. After the optional addition of 
components the mass balances are again updated and the loop is repeated until the total reaction 
time is reached. A schematic representation of the model used for (semi-)batch emulsion 
copolymerizations is shown in figure 6-1. 
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figure 6-1  Flow chart of the used batch emulsion copolymerization model 

The average number of radicals per particle (ñ), needed for the calculation of the polymerization 
rate, can be calculated from radical population balances in principle [Ugelstad et.al., 1967]. 
However, for most emulsion copolymerizations, accurate kinetic parameters describing 
interparticle radical processes are not available (with sufficient accuracy) and therefore an 
empirical approach was used. The average number of radicals per particle was obtained from 
fitting the model to previous batch runs. Batch runs were performed with the two different 
batches of seed latex used for the copolymerization experiments in section 6.4 and 6.5, using both 
a high (0.7 kmol/kmol) and a low styrene fraction (0.25 kmol/kmol) in the feed. In both cases a 
value of 0.21 was fitted for ñ and this parameter was used in the further modeling studies.  
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The value of ñ is considerably lower than 0.5, indicating that radical exit is an important 
event. It is therefore surprising that no influence of the monomer composition is observed, since 
the higher water solubility of methyl acrylate should have resulted in an enhanced radical 
desorption at the lower styrene fraction in the feed of 0.25 kmol/kmol [van den Boomen et.al., 
1996]. If the model is fitted to batch seeded copolymerization experiments by van den Boomen 
[1997], performed at a fraction of styrene of 0.25, 0.5 and 0.75 kmol/kmol in the feed, in all three 
cases a value of 0.25 radicals per particle is found. The somewhat higher value of ñ could be 
caused by the absence of chain transfer agent in the experiments by van den Boomen, although a 
recent study has shown that n-dodecyl mercaptan does not affect ñ [Mendoza et.al., 2000]. The 
particle size of the seed latex used in the experiments of van den Boomen, 24.2 nm, is 
considerably lower than the 40 nm in our experiments, which makes radical exit more likely in 
his experiments and should give a lower ñ. 

An important input to the data fitting is the particle concentration, which is calculated from 
the particle size. Since small errors in the measured particle size result in considerable errors in 
the particle concentration, e.g. an error of 2 nm at a particle size of 24 nm results in a 25% change 
in the particle concentration, the fitted ñ should be used with caution. It could explain the higer ñ 
fitted from the experiments of van den Boomen. If, however, the same seed latex is used for 
different experiments, the fitted ñ gives an accurate prediction, even if the feed composition is 
changed considerably. 

6.2.2 PSPC MODEL 

As demonstrated in chapter 3, the axial mixing in the PSPC depends strongly on the operational 
conditions. If a low net flow rate and a high pulsation velocity are used, backmixing of 
components is considerable and can be detected up to one meter upstream. Both with the 
continuous plug flow with superimposed axial dispersion model and the discrete stage-wise mixing 
with backflow model, the backmixing in the PSPC can be well described. The main advantage of 
the discrete model is that it is able to directly correlate the net flow, pulsation stroke length and 
frequency to the axial mixing and that it uses algebraic equations in calculating the local 
component concentrations. 

The stage-wise mixing with backflow model, as derived in chapter 3, was used in the 
modeling of the emulsion copolymerization in the PSPC. The reactor was divided in 500 cells, the 
same number as physically present, and the forward and backward flows were calculated from the 
pulsation conditions and net flow. After each up and down stroke the concentrations of all 
components in each cell were updated and subsequently used to calculate monomer partitioning, 
reaction rate and conversion over the period of one up and down stroke in each individual cell, see 
figure 6-2. Monomer feeds to the column were added to the mass balance of the specific cavity in 
the mixing steps. 
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figure 6-2  Flow chart of the used PSPC emulsion copolymerization model 

The number of strokes during one mean residence time in the PSPC depends on the mean 
residence time and the pulsation frequency. For a mean residence time of 5000 seconds and a 
pulsation frequency of 3 Hz, the number of strokes and therefore the number of calculations are 
15000 per cavity per mean residence time. For the total number of cells the calculation of the axial 
mixing and the approximately 7.5 million partitioning with subsequent reaction steps per mean 
residence time takes about 1 hour on a 800Mhz Pentium III personal computer. 

In the description of the axial mixing it is assumed that all phases in the heterogeneous latex 
mixture undergo the identical axial displacement under the influence of pulsation and net flow. 
This is a reasonable assumption since the polymer particles and monomer droplets are small 
enough to have negligible slip velocities. 

In the model it is assumed that no radial concentration gradients exits; each cell is instantly 
perfectly mixed after the up and down stroke. Considering the flow patterns and high heat 
transfer heat transfer coefficients observed in chapter 3, this is a fair assumption for the small 
column diameter used in our experiments. 

The chemical composition distribution (CCD) of the copolymer was described using a 
discrete distribution with a bin-size of 0.02 kmol/kmol. Axial mixing of copolymer with a certain 
chemical composition was considered in the same way as that of monomeric components, 
although in reality only particles with a certain chemical composition distribution can mix up- and 
downstream. The large number of particles makes this a reasonable approximation. 
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6.3 EXPERIMENTAL 
All experiments were performed using a polystyrene seed latex produced previously in the PSPC, 
see chapter 4. The particle diameter of the seed latex was determined by transmission electron 
microscopy (TEM). The seed latex particle concentration, calculated from the number average 
particle diameter, was used to set the particle concentration. 

The monomers were distilled at reduced pressure to remove inhibitor. Overall conversion was 
determined by gravimetry, partial conversions by gas chromatography using an external standard. 
The intermolecular chemical composition distribution was measured by gradient polymer elution 
chromatography (GPEC), see chapter 2. 

6.3.1 BIMODAL CCD 

For the semi-batch reaction a 2.4 dm3 jacketed stainless steel reactor equipped with four baffles 
and a six bladed Rushton-type impeller was used. A more detailed description is given in chapter 
2. The rotational speed of the impeller was 8.33 s-1. Monomers were added by pulsewise injection 
of monomer through a dip-pipe positioned near the impeller tip. Samples were taken at time 
intervals of 3 minutes to determine conversion. Reaction conditions and recipe are listed in table 
6-1. 

The continuous flow experiments were performed in the 8.7 dm3 pulsed sieve plate column at 
a moderate pulsation stroke length and frequency using the LK-52 pulsator. The equipment is 
described in detail in chapter 2. Before start-up, the premixer and the column were filled with 
water and heated to reaction temperature. Switching on the three main feeds to the column 
started latex production. After three mean residence times the feeds at the three axial positions 
were started and the process was continued for three mean residence times. Reaction conditions 
and recipe are listed in table 6-1.  The same seed latex as in the semi-batch experiment was used. 
A small amount of styrene from the bottom feed was added to the aqueous phase to swell the seed 
latex with monomer. This ensures fast equilibration of the particles with monomer in the 
premixer. Samples were taken at 25 axial positions to determine partial conversions and the CCD. 

6.3.2 BLOCK CCD 

For the semi-batch reaction, the Mettler Toledo RC1e HP60 was used. The rotational speed of the 
pitch blade down flow impeller was 6.7 s-1. Three semi-batch experiments were performed with 
different seed latex concentrations. Styrene monomer was added by a continuous feed with a 
diaphragm pump through a dip-pipe positioned near the impeller tip. It was not possible to 
program a continuously changing flow rate in the feed pump and therefore the addition profile 
was approximated with a profile constructed of 27 periods with constant flow rates. The addition 
profile is shown in figure 6-3, the initial reactor charge is listed in table 6-2. Also one experiment 
with a discontinuous feed was performed (semi-batch D), in which the monomer was pumped 
into the reactor in three 4-minute periods, see figure 6-3. The used amount of seed in that case 
was 48.6 g. The reaction was started by injecting 3 grams of cold aqueous sodium persulfate 
solution into the reactor at 80°C 

Experimental calorimetric conversion was determined from the measured heat flows. 
Predicted calorimetric conversion was calculated from the heat of reaction for the 
homopolymerizations of styrene and methyl acrylate assuming that the average heat of reaction of 
the copolymerization at a certain copolymer composition (FS) can be calculated with equation 6-1 
[Urretabizkaia et.al., 1994]:  
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MASSSMAS, ∆H·)F(1∆H·F∆H −+=  Eq. 6-1 

With ∆HS = -68.7 kJ/mol and ∆HMA = -78.7 kJ/mol as the heat of reaction of the 
homopolymerization of styrene and methyl acrylate respectively [Brandrup and Immergut, 1989, 
Herman and Bikales, 2001]. 

The continuous flow experiments were performed in the 8.7 dm3 pulsed sieve plate column at 
a high pulsation stroke length and frequency using the LK-52 pulsator. The equipment is 
described in detail in chapter 2. Before start-up, the premixer and the column were filled with 
water and heated to reaction temperature. Switching on the three main feeds to the column 
started latex production. After three mean residence times the feeds at the three axial positions 
were started and the process was continued for three mean residence times. Reaction conditions 
and recipe are listed in table 6-2.  The same seed latex as in the semi-batch experiment was used. 
A small amount of styrene from the bottom feed was added to the aqueous phase to swell the seed 
latex with monomer. This ensures fast equilibration of the particles with monomer in the 
premixer. Samples were taken at 25 axial positions to determine partial conversions and the CCD. 

table 6-1 Reaction conditions and recipe for the production of a copolymer with a bimodal CCD 
in a semi-batch process in a stirred tank and a continuous process in the PSPC reactor 

Process parameters Semi-batch  PSPC 

Temperature ±1 [°C]  60 60 

Absolute pressure [bar] Ambient 2.7  
Residence time [s] 6000 6200 
Reactor volume [dm3] 2.4  8.7 
Stroke length [mm] - 15 
Stroke frequency [Hz] - 1.5 
Dispersion coefficient a) [m2/s] - 1.1·10-4 
Reactor length [m] - 5 
Axial Peclet number b) [-] - 37 

Process feeds [kg] [10-3 kg/s] 

Methyl acrylate  0.0687 0.052 
 Feed 1 0.112 at 2520 s 0.0763  at 2.075 m 
Styrene 0.194  0.147  
 Feed 2 0.0104 at 3250 s 0.0075  at 2.675 m 
 Feed 3 0.0073 at 4000 s 0.0043 at 3.275 m 
Sodiumdodecylsulfate 0.0029 0.0022 
Sodiumcarbonate 0.0020 0.0015 
Sodiumpersulfate 0.0046 0.0035 
n-Dodecanethiol 0.0026 0.0045 
Water 1.479 1.189 
Polystyrene seed (dry) 0.0692 0.0523 
Particle size seed latex [nm] 39 39 
Number of particles  2.12 1018 [-] 1.60 1015 [s-1] 

Overall styrene fraction 
 [kmol/kmol] 

0.49 0.51 

a)  Estimated from tracer-pulse response measurements for the LK-52 pulsator, see chapter 3 
b)  Based on total reactor length and average interstitial velocity 
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table 6-2 Reaction conditions and recipe for the production of a copolymer with a block CCD in a 
semi-batch process in a stirred tank and a continuous process in the PSPC reactor 

Process parameters 
Semi-batch  
A, B and C 

PSPC 

Temperature ±1 [°C]  80 80 

Absolute pressure [bar] 2 2.7  
Residence time [s] 10000 6700 
Reactor volume [dm3] 2.4  8.7 
Stroke length [mm] - 19 
Stroke frequency [Hz] - 3.2 
Dispersion coefficient a) [m2/s] - 4·10-4 
Reactor length [m] - 5 
Axial Peclet number b) [-] - 7.5 

Process feeds [kg] [10-3 kg/s] 

Methyl acrylate  0.286 0.216 
Styrene 0.035 0.024 
 Feed 1 0.083  at 0.675 m 

 Feed 2 0.070  at 1.875 m 

 Feed 3 

Styrene addition profile, 304 g 
in total,  
see figure 6-3 0. 056 at 2.875 m 

Sodiumdodecylsulfate 0.0020 0.0016 

Sodiumcarbonate 
0.0136 
 

0.0011 

Sodiumpersulfate 0.0030 0.0028 
n-Dodecanethiol 0.0060 0.0050 
Water 0.994  1.01 
Polystyrene seed (dry) 0.0437 / 0.0486 / 0.0535 0.0516 
Particle size seed latex [nm] 40.5 40.5 
Number of particles  1.38 · 1018 [-] 1.47 · 1015 [s-1] 

Overall styrene fraction 
[kmol/kmol] 

0.50 0.47 

a)  Estimated from tracer-pulse response measurements for the LK-52 pulsator, see chapter 3 
b)  Based on total reactor length and average interstitial velocity 
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figure 6-3  Styrene feed profile used in the semi-batch production of a copolymer with a block-shaped 
CCD. Solid line indicates feed rate for the continuous addition experiments A, B and C, open 
markers the matching cumulative added amount. Solid markers and dotted line indicate the 
cumulative added amount in the discontinuous addition experiment D. 
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6.4 RESULTS BIMODAL CCD 
The production of a copolymer with equivalent amounts of two classes of copolymer chains, one 
with a styrene fraction of 0.3 kmol/kmol, and one with a styrene fraction of 0.7 kmol/kmol, was 
chosen to study the influence of axial mixing on composition control. In the process, first the 
copolymer with a styrene fraction of 0.7 is produced, then the copolymer with a fraction of styrene 
of 0.3.  

It is not possible to start with the production of the low styrene-content copolymer because of 
the considerably higher reactivity of styrene at low free styrene fractions in the monomer. For the 
production of the low styrene content copolymer a free styrene fraction of approximately 0.1 
kmol/kmol in the reactor is required, which makes it impossible to shift the free styrene fraction 
to 0.7 by adding styrene after half of the total monomer has been converted. 

6.4.1 SEMI-BATCH WITH PULSEWISE ADDITION 

From the partitioning equilibria and the copolymerization kinetics, the initial reactor charge to 
start producing a copolymer with a styrene fraction (FS) of 0.7 kmol/kmol was calculated. The 
batch emulsion copolymerization model was used to predict the conversion profiles and, through 
an iterative method, the amount and time of the required addition of methyl acrylate to shift the 
styrene fraction of the instantaneously formed copolymer to 0.35 kmol/kmol. After the addition of 
methyl acrylate, the low overall free styrene fraction in the reactor of 0.1 kmol/kmol results in 
strong composition drift and two additions of styrene have to be made to shift the styrene fraction 
of the formed copolymer back to 0.35 kmol/kmol, see figure 6-4.  
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figure 6-4  Conversion-time (left) and CCD (right) of semi-batch emulsion copolymerization 
experiment. Recipe and operating conditions in table 6-1. Left: lines indicate model prediction, 
markers indicate experimental data with : partial conversion of styrene, : partial conversion of 
methyl acrylate : overall conversion : mole fraction of styrene in the free monomer. Right: bars 
indicate predicted CCD, line indicates response of UV-detector in the GPEC measurement, divided 
by FS. The peak at FS =1 originates from the used polystyrene seed latex. 

To improve composition control, especially at the low styrene fraction, more additions of 
monomer should be made. An experiment with four styrene additions (not shown) indeed had a 
considerably reduced composition drift. The pulsewise addition mode used in the experiment in 
figure 6-4 therefore should not be considered as the best method to produce copolymers with a 
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bimodal CCD. The reason for the small number of additions is the limited number of available 
feed pumps for the continuous PSPC experiment. 

The experimental and predicted conversion-time histories agree reasonably well. 
Surprisingly, the experimental conversion does not start at zero. Probably the reaction started 
early during the swelling and preheating period through the presence of some residual initiator 
from the seed latex, even though the seed latex had been dialyzed to remove non-reacted initiator. 
Because of the early start, the addition of methyl acrylate came at a too high conversion and 
resulted in a too low styrene fraction in the free monomer in the reactor. Fortunately, because of 
the lower monomer concentration in the reactor compared to the model prediction, the reaction 
rate was lower and the experimental conversion profile started to approximate the model 
prediction again. Therefore, the additions of styrene were made at a conversion that is only a little 
bit too high. 

The acceleration at the end of the reaction because of the homopolymerization of methyl 
acrylate, as predicted by the model, was not observed experimentally. Possibly because the 
propagation rate coefficient was reduced through the increased viscosity in the polymer particles 
at high conversions. This effect was not taken into account in the model. 

Upon the addition of methyl acrylate or styrene to the reactor the fraction of styrene in the 
free monomer in the samples taken from the reactor instantly changed to a new value, showing 
that the monomer is quickly emulsified and no mass transfer limitations are to be expected. The 
CCD of the latex product, measured by gradient polymer elution chromatography (GPEC), see 
figure 6-4 and figure 6-5, does not show the formation of copolymer with a chemical composition 
in between 0.4 and 0.5, indicating that also phase equilibrium between the monomer droplets 
and polymer particles is reached quickly and that no copolymer with an intermediate chemical 
composition was formed.  

The two different detectors used in the GPEC measurement, the ultra-violet absorption (UV) 
detector and the evaporative light scattering detector (ELSD) each have a specific disadvantage. 
Because methyl acrylate does not absorb UV light, the UV-detector is unable to detect copolymers 
with very low styrene fraction. Furthermore, the increase in the detector signal as a result of the 
changing solvent composition makes a base-line correction necessary, see figure 6-5.  
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figure 6-5  GPEC trace of the product latex from the semi-batch experiment in figure 6-4. Raw data 
(left) and calculated chemical composition distribution (right) using the ELSD and the UV-detector. 
The peak at FS =1 is from the used polystyrene seed latex 
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The error in the base-line correction at low styrene fractions is magnified because the detector 
signal has to be divided by the styrene fraction (FS) to obtain the copolymer amount. As a result, 
the UV-detector cannot accurately measure copolymers with a fraction of styrene lower than 0.2 
kmol/kmol. The ELSD detects all polymers exiting the column, irrespective of the chemical 
composition. Unfortunately, the signal is not proportional to the polymer concentration and also 
strongly depends on the molecular mass and chemical composition of the polymer. For this 
reason the signal is only useful as a fingerprint and cannot be used to calculate a CCD, since then 
also the relative amounts of the different copolymers have to be known.  

The predicted and measured CCDs show a good overlap. It is not clear why the peak of the 
styrene rich copolymer in the GPEC trace has shifted to a somewhat higher value compared to the 
model prediction. Possibly, a difference in molecular mass between the calibration standards and 
the emulsion copolymerization product can result in different retention times and therefore an 
error in the experimentally determined CCD. 

The ELSD signal in figure 6-5 shows that also some copolymer with a very low styrene 
fraction is present. This agrees well with the conversion-time history in figure 6-4 where at the 
end of the reaction also some homopolymerization of methyl acrylate occurs.  

6.4.2 PULSED SIEVE PLATE COLUMN 

The time and amount of the three monomer additions in the semi-batch experiment were 
translated to continuous monomer side-feeds at three axial position on the PSPC. A moderate 
pulsation velocity was used and the Peclet number of 37 indicates that the process approximates 
plug flow. It therefore is not surprising that the conversion-space profile, see figure 6-6, closely 
resembles the semi-batch conversion-time history in figure 6-4.  

The PSPC operates at steady state and the variation in the conversion and fraction of free 
styrene monomer measured at 1.8 and 3.3 mean residence times after starting the side-feeds is 
within the experimental error. 

A characteristic difference between a batchwise operated stirred tank and the PSPC process is 
that conversions at x/L=0 are larger than zero because of backmixing of copolymer that is formed 
downstream. Another characteristic difference is that the backmixing of the monomer side-feeds 
results in a more gradual change in the fraction of free styrene in the reactor, compared to the 
stepwise changes in the semi-batch experiment. 

Even at the limited pulsation velocity that was applied, the backmixing of methyl acrylate 
from the feed stream at 2.075 meter is noticeable up to 0.8 meters upstream in a decrease of the 
fraction of styrene in the free monomer. The flattening of the concentration gradients by axial 
mixing also reduces the composition drift compared to the semi-batch process and results in a 

flatter free styrene fraction profile in the region 0 ≤ x/L ≤ 0.2 and in the region 0.45 ≤ x/L ≤ 0.6. 
In the CCD of the copolymer product, see figure 6-7, the dampening effect of axial mixing on 

concentration gradients is also visible. The reduced composition drift compared to the batch 
process results in narrower peaks, especially for the copolymer with a styrene fraction of 
approximately 0.3. The gradual change of the styrene fraction before the methyl acrylate feed 
point results in the production of a copolymer with an intermediate chemical composition. 
Although the amount of copolymer with an intermediate chemical composition is only small, less 
than 5 wt%, it might result in different product properties compared to the semi-batchwise 
produced copolymer since it could act as a compatiblizer between the two different types of 
copolymers. 
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figure 6-6  Conversion-space profile of a continuous flow emulsion copolymerization experiment in 
the PSPC. Recipe and operating conditions in table 6-1. Lines indicate model prediction, markers 
indicate experimental data. Grey and open markers indicate samples taken 1.8 and 3.3 mean 
residence times after the start of the side-feeds, respectively. The symbols denote: : partial 
conversion of styrene, : partial conversion of methyl acrylate : overall conversion : mole fraction 
of styrene in the free monomer measured by GC 
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figure 6-7  CCD of the product latex of the continuous flow emulsion copolymerization experiment 
in the PSPC. Recipe and operating conditions in table 6-1. Bars indicate predicted CCD, line 
indicates normalized response of UV-detector from the GPEC measurement, divided by FS. The 
peak at FS =1 is from the used polystyrene seed latex. 
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In figure 6-8 the GPEC traces of latex samples taken at different axial positions show the build up 
of the CCD of the product latex. The obtained profiles are in good agreement with the predicted 
development of the CCD in figure 6-9, except for the predicted formation of a homopolymer of 
methyl acrylate that would have been visible in the ELSD signal, but was not detected. From the 
conversion profile it is also unlikely that the methyl acrylate homopolymer has been formed.  

The quantity of the copolymer with an intermediate composition, i.e. with a styrene fraction 
between 0.4 and 0.6, is somewhat too high in the CCD calculated from the UV-detector response. 
This is probably caused by a small error in the used base-line correction. The ELSD signal 
apparently does not show any copolymer with an intermediate composition. This is the result of 
the non-linear response of the detector, a closer examination of the signal (not shown) revealed 
the presence of some material.  
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figure 6-8  CCD at different dimensionless axial positions of the PSPC experiment in figure 6-7 
measured by GPEC using an UV detector (left) and an ELSD (right). The response of the UV detector 
was divided by FS. Traces have been normalized on the highest peak. 
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figure 6-9  CCD at different axial positions in the PSPC calculated from the model prediction of the 
experiment in figure 6-7. The amount of copolymer with a certain composition has been expressed as 
a mass fraction of the amount of copolymer at the outlet of the reactor. 
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In summary, the PSPC process operated at a moderate pulsation velocity using continuous side-
feeds produces a copolymer with a CCD that is very similar to the copolymer produced in a semi-
batch operated stirred tank reactor using equivalent pulsewise additions. The axial mixing in the 
PSPC suppresses concentration gradients and a characteristic difference is the formation of 
copolymer with an intermediate chemical composition. If a bimodal CCD with narrower peaks is 
desired, the number of feed points should be increased. The effect of a larger number of feed 
points or different pulsation conditions is discussed in section 6.6. 

6.5 RESULTS BLOCK CCD 

6.5.1 SEMI-BATCH WITH OPTIMAL ADDITION 

The production of a copolymer with a block-shaped CCD demands a constant drift of the 
copolymer composition as a function of conversion. Since this drift cannot be obtained by 
pulsewise additions of monomer to a semi-batch operated stirred tank, a continuous addition 
profile was used. The batch model was used to calculate the required continuous addition profile 
that satisfied the function:  

X0.40.3FS +=  Eq. 6-2 

with FS as the instantaneous copolymer composition and X as the instantaneous overall 
conversion, based on the total amount of added monomer. The choice to start at a copolymer 
styrene composition of 0.3 kmol/kmol seems trivial, but it offers the advantage that the copolymer 
composition at complete conversion ends in the azeotropic point. After the monomer addition has 
ended, the copolymer composition will not drift to an undesired value.  

The particle concentration is a critical parameter in the calculation of the reaction rate and the 
resulting conversion profile. A small error of 3% in the particle diameter of the used seed latex 
leads to a considerable error of 10% in the particle concentration. A wrong estimation the particle 
diameter of the used seed therefore could result in a considerably difference between the 
predicted and experimental conversion profile. To simulate an error in the particle size 
determination, experiments were performed using a 10% lower and a 10% higher particle 
concentration, keeping all other parameters the same. Results of the three semi-batch reactions 
with a 10% lower, a “correct” and a 10% higher particle concentration are shown in the graphs A, 
B and C of figure 6-10 respectively.  

In all three experiments the agreement between the experimental and predicted calorimetric 
conversion is good. The higher experimental reaction rate compared to the model prediction at 
5000 s could be caused by an increased radical concentration in the particles through the gel 
effect [Trommsdorff et.al., 1948]. The gel effect was not included in the model. 

The lower particle concentration in experiment A results in a lower reaction rate and, because 
of the non-corrected styrene feed profile, the fraction of free styrene in the monomer is pushed 
too quickly as a function of conversion towards higher styrene fractions. The copolymer 
composition follows that trend and too little copolymer with a low styrene fraction and too much 
with a high styrene fraction is formed. In the experiment with the seed fraction for which the 
addition profile was calculated, experiment B, the addition profile indeed is just about right and 
the GPEC trace shows a fairly block-shaped CCD. The higher particle concentration in experiment 
C results in a faster reaction at the start. The styrene feed is too slow to push the fraction of free 
styrene towards a higher values and a homogeneous copolymer is formed at FS = 0.3 kmol/kmol. 
At a certain point, the lower monomer concentration reduces the reaction rate. Because of the 
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lower methyl acrylate concentration in the reactor compared to the model prediction, the free 
styrene fraction is pushed up more quickly and eventually ends at a higher value. 
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figure 6-10  Conversion-time (left) and CCD (right) of a semi-batch emulsion copolymerization 
experiments in the RC1. Recipe and operating conditions see table 6-2. Left, thin line: predicted 
calorimetric conversion, thick line: experimental calorimetric conversion, line with markers: 
predicted free monomer composition. Right, bars (on left-axis): predicted CCD, thin line (on right 
axis): normalized response ELSD, thick line (on right axis): normalized response UV-detector, signal 
divided by FS. Capitals A, B and C indicate semi-batch experiments using 0.9, 1 and 1.1 times the 
particle concentration used in the calculation of the styrene addition profile.  
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The three experiments demonstrate that an accurate knowledge of the particle concentration is 
essential in the used open-loop control method. It is important to note that the batch experiment 
from which the average number of radicals per particle was fitted was performed using the same 
seed latex. In that way the exact particle size of the used seed latex is less important since any 
errors are compensated by a different value of the fitted average number of radicals. If different 
batches of seed latex are used with varying average particle sizes, the particle size has to be 
determined accurately. 

In figure 6-11 it is demonstrated that the most important difference between the reaction 
rates of the three experiments occurs in the first 500 seconds. The experimental reaction rates, 
calculated from the heat flow in the RC1, show the same trend as the predicted reaction rates as a 
function of particle concentration. The difference in the shape of the experimental and model 
curves could be caused by either an error in the model assumptions or an error in the calculation 
of the heat production in the RC1.  

If a quick change in the heat flow occurs, e.g. at the start of an exothermic reaction, the jacket 
temperature of the RC1 is automatically adjusted to keep the reactor temperature at the set-point 
value. In the heat balance model of the RC1, the heat stored in the reaction mass and reactor wall 
during the temporal increase in the reactor temperature is taken into account. However, the 
transient heat storage in the thick stainless steel reactor wall apparently is difficult to calculate 
correctly if the temperature changes quickly. For example, if heat capacities of the reactor’s 
content are determined at heating rates of more than 0.5 °C/minute, considerable errors in the 
calculated heat capacities are observed. Quick temperature changes during a reaction therefore 
will result in considerable errors in the calculated reaction rates. Considering the large 
temperature jump of the cooling jacket at the start of our experiments, it is likely that, especially 
during the first five to ten minutes, errors were introduced.  

0.1

0.2

0.3

0 500 1000 1500
Time [s]

R
at

e 
[1

06  k
W

 m
w-3

]

0

2

4

6

8

Tr
 - 

Ta
 [°

C
]

NP

0.0

0.2

0.3

0 5000 10000
Time [s]

R
at

e 
[1

06  k
W

 m
w-3

]

 
figure 6-11  Calorimetric reaction rate for the three experiments with different particle concentration 
(NP) in figure 6-10. Thin and thick lines show the experimental and model predicted values 
respectively. The graph on the left is an enlargement of the graph on the right and the markers 
additionally show the temperature difference in the reactor (Tr) and the annulus; a corrected jacket 
temperature given by the RC1 (Ta) for experiment B. 

In the production of copolymers with a homogeneous CCD by emulsion polymerization, a method 
that has been applied successfully to composition control is the use of a feedback control loop, 
adjusting the addition rate to the on-line measured conversion [Galimberti et.al., 1998, van den 
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Brink et.al., 2001, Vicente et.al., 2001]. This makes an accurate prediction of conversion and 
therefore precise knowledge of the seed latex particle size less important. In contrast to the 
production of homogeneous copolymers, this method is unlikely to be succesful in the batchwise 
production of copolymers with a block shaped CCD because the reaction rate at the start of the 
process, before the conversion profile can be established and any feedback control action can be 
applied, is critical for obtaining the desired relative amounts of the individual different classes of 
copolymer chains.  

In a continuous reactor, operating in steady state, the reaction rate as function of the axial 
position can be determined accurately by multiple on-line or off-line measurements. If the 
reaction rate at the entrance of the reactor is too high or to low, feedback control can be applied by 
adjusting for example the particle or monomer concentration in the feed. After a short start-up or 
changeover period, product with the predefined CCD will be produced, even if e.g. the particle 
concentration in the feed changes. If the initial reaction rate has the appropriate value, but for 
some reason the conversion – space profile changes, an adaptation of the monomer feed rates at 
the various feed points will allow proper control of the copolymer composition – conversion 
relationship. 

6.5.2  PULSED SIEVE PLATE COLUMN 

In the optimal addition semi-batch experiments of the previous section it was demonstrated that a 
copolymer with a block-shaped CCD is obtained only if the experimental conversion profile 
accurately matches the predicted conversion profile. In principle, such a profile can also be 
imposed in a tubular reactor using a large number of side-feeds, but in our set-up only three side-
feed pumps were available. It therefore was decided to use the axial mixing in the column to 
smoothen the sawtooth like free styrene fraction profile. Backmixing of styrene from the side-
feeds was increased by applying a high pulsation velocity. The obtained free styrene fraction 
profile in the absence of reaction for the situation with and without backmixing is shown in figure 
6-12. 
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figure 6-12  Fraction of free styrene in the reactor in the absence of reaction as a function of fractional 
batch time and fractional reactor length using the recipe in table 6-2. Open markers indicate the 
profile in a batch reactor, solid line indicates the profile in the PSPC, calculated with the stage-wise 
mixing with backflow model, dotted line the profile in the PSPC in the absence of backmixing. The 
solid marker shows the fraction of free styrene in the monomer feed to the PSPC. 
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The backmixing of styrene from the first feed point causes the free styrene fraction to jump at the 
entrance of the reactor. The profiles calculated for the batch and PSPC process do not converge 
because the experimental flow rate of the methyl acrylate rich main monomer feed to the PSPC 
was somewhat higher than planned in advance. 

The conversion profiles in figure 6-13, measured at 1.5 and 2.5 mean residence times after the 
start of the side-feeds, show that the reactor is operating stationary. The fraction of styrene in the 
free monomer at the entrance of the reactor is lower than in the feed, which is unexpected at first 
sight considering the effect of backmixing in figure 6-12. In a reacting system, however, the 
higher reactivity of styrene compared to that of methyl acrylate at low free styrene fractions results 
in a faster depletion of styrene and therefore reduces the free styrene fraction. At these operating 
conditions, the reduction of the free styrene fraction through reaction is stronger than the 
increase as a result of the backmixing. 

Going downstream, approaching the first side-feed point of styrene, the effect of backmixing 
becomes stronger than that of composition drift and the free styrene fraction starts to increase. It 
reaches a maximum value at the feed point and starts to decrease again downstream. The same 
profile is observed at the second and third feed point and the overall free styrene fraction profile is 
rather angular.  

Both the conversion and free styrene fraction profiles are predicted well by the model. The 
deviation between the experimental data and the prediction from the second feed point onwards 
presumably is caused by an error in the measurement of the flow rate of the second styrene side-
feed. 
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figure 6-13  Conversion-space profile of a continuous flow emulsion copolymerization experiment in 
the PSPC. Recipe and operating conditions in table 6-2. Lines indicate model prediction, markers 
indicate experimental data. Grey and open markers indicate samples taken 1.5 and 2.5 mean 
residence times after the start of the side-feeds respectively. The symbols denote: : partial 
conversion of styrene, : partial conversion of methyl acrylate : overall conversion : mole fraction 
of styrene in the free monomer measured by GC. 
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The combination of the smooth increase of conversion and the angular free styrene fraction 
profile as a function of reactor space results in the production of relative large amounts of 
copolymer with a constant chemical composition in the large volume where the free styrene 
fraction is more or less constant. In the small zone in between, where the free styrene fraction 
drifts quickly, relatively little copolymer is produced. The CCD of the latex therefore will consist of 
four peaks with relatively little copolymer with an intermediate chemical composition in between. 
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figure 6-14  CCD of the product latex of the continuous flow emulsion copolymerization experiment in 
the PSPC shown in figure 6-13. Bars indicate predicted CCD, line indicates normalized response of 
UV-detector from the GPEC measurement, divided by FS. The peak at FS =1 originates from the used 
polystyrene seed latex. 

The CCD of the product latex measured with GPEC and the CCD predicted by the model, plotted 
in figure 6-14, indeed have a multi-modal character. Both distributions are very similar although 
the predicted distribution starts at a somewhat lower styrene fraction in the copolymer. 

A possible explanation for the shift in the predicted distribution could be that in the stage 
wise mixing model with backflow the backmixing is somewhat underestimated. In the 
comparison between the model prediction and the experimentally observed residence time 
distribution for the PSPC with the LK-52 pulsator, it was observed that the model underestimated 
the backmixing for pulsation velocities above 40 mm/s. The experimentally fitted dispersion 
coefficient, using plug flow with super imposed axial dispersion model at the used pulsation 
velocity of 61 mm/s is approximately 4·10-4 m2/s, see figure3-24, whereas the equivalent 
dispersion coefficient for the stage-wise mixing with backflow model using a stroke length of 19 
mm and a stroke frequency of 3.2 Hz is only 3·10-4 m2/s. Since the stage-wise mixing with 
backflow model and the plug flow with superimposed axial dispersion model are mathematical 
equivalent, the higher dispersion coefficient could also be modeled with a (non-physical correct) 
higher stroke length or stroke frequency as an input to the stage-wise mixing with backflow 
model.  

If the simulation is performed with a stroke length of 25 mm and a stroke frequency of 3.2 
Hz, the conversion-space curve and CCD in figure 6-15 are obtained. The increased backmixing in 
the model reduces the composition drift, especially near the entrance of the reactor and the model 
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fits the experimental free styrene fraction profile better. The calculated product CCD starts at a 
somewhat higher styrene fraction and the agreement between the predicted and measured CCD 
is improved. 
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figure 6-15  Conversion-space and CCD profile of a continuous flow emulsion copolymerization 
experiment in the PSPC of figure figure 6-13, modeled using an increased stroke length of 25mm to 
include the more than proportional increase in axial mixing at higher pulsation velocities. Notation: 
see figure 6-13 and figure 6-14. 

Besides considerable backmixing of components from feed streams at the used high pulsation 
velocity, also reaction products will mix upstream. Because the local reaction conditions are 
captured in the average chemical composition of the reaction products, it is possible to 
distinguish whether the copolymer chains present at a certain axial position were produced 
downstream or upstream. In figure 6-16 the evolution of the CCD, determined with GPEC, of the 
latex as a function of axial position is plotted. In this case, the ELSD response is very similar to the 
corrected response of the UV-detector and both give a good indication of the relative amounts of 
the different copolymer chains.  

To illustrate the magnitude of backmixing; near the entrance of the reactor, at x/L=0.015, 
already the copolymer produced 0.8 meter downstream is detected. Also at the other sample 
points polymer produced a considerable distance downstream is found. 
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figure 6-16  Normalized response of UV-detector and ELSD in the GPEC measurement of latex 
samples taken at different dimensionless positions (x/L) of the experiment plotted in figure 6-13. 
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The model-predicted CCD as a function of axial position in figure 6-17 shows the same 
development. The good correlation between the model prediction and the experimentally 
measured backmixing of monomer and copolymer indicates that the assumption of the negligible 
slip velocity of the dispersed phases, as used in the PSPC model, is valid.   
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figure 6-17  Calculated CCD at different dimensionless positions (x/L) for the experiment in figure 
6-16. 

To demonstrate the importance of backmixing on the development of the CCD in the PSPC, a 
semi-batch experiment with pulsewise addition in the RC1 was performed in which the time of 
addition and the amount of added styrene were equivalent to the position and feed rate in the 
PSPC experiment. The results in figure 6-18 show that a product with a completely different CCD 
is formed. 
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figure 6-18  Conversion-time (left) and CCD (right) of a semi-batch emulsion copolymerization 
experiment with pulsewise addition in the RC1. Recipe and operating conditions see table 6-2. Left, 
thin line: predicted calorimetric conversion, thick line: experimental calorimetric conversion, line 
with markers: predicted free monomer composition. Right, bars (on left-axis): predicted CCD, thin 
line (on right axis): normalized response ELSD, thick line (on right axis): normalized response UV-
detector, signal divided by FS. 

The low styrene fraction in the reactor at the start of the reaction results in strong composition 
drift and, after the depletion of styrene, homopolymerization of methyl acrylate occurs, resulting 
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in a strong increase in the reaction rate. At the moment the first addition of styrene is made, 
nearly all methyl acrylate has depleted and the monomer composition is shifted to a free styrene 
fraction of approximately 0.8 kmol/kmol. The second and third additions of styrene shift the 
monomer composition to even higher values, although homopolymerization of styrene does not 
occur. The difference between the model prediction and the experimental calorimetric conversion 
shows that neglecting the effect of viscosity on the propagation rate coefficients in the model at 
the momentary high conversion in the particles results in a too fast predicted reaction rate at 
approximately 500s. As a result, in the model all methyl acrylate is depleted and upon the addition 
of styrene only the styrene homopolymer is formed. In the experiment, some methyl acrylate has 
not reacted and upon the additions of styrene still copolymers are formed. 

The experiments in the PSPC show that, although backmixing has a significant influence on 
the free styrene fraction, it is unable to give a smooth drift of the free styrene fraction as a 
function of conversion. The limited number of feeds and the concave free styrene fraction profile 
upstream of each feed point make it impossible to approximate the required convex profile, as 
applied in the semi-batch experiment, in the PSPC. 

6.6 IMPROVED ADDITION PROFILES 
The small number of available side-feeds in the PSPC experiments, see sections 6.4 and 6.5, 
limits the control of chemical composition. In case of the bimodal CCD, the small number of 
side-feeds results in poor composition control at the low and high styrene fractions and therefore 
in rather broad peaks. In case of the block-shaped CCD, the small number of side-feeds is unable 
to give a constant drift of the chemical composition as a function of conversion and a rather spiky 
distribution is obtained. 

In both cases, at moderate and high pulsation velocities, the observed conversion profiles and 
product CCDs were predicted well by the model. The validated model therefore can be a useful 
tool in optimizing the number and axial position of side-feeds and the pulsation conditions. The 
model is applied to demonstrate the influence of some important operational parameters on the 
production of homogeneous copolymers, copolymers with a bimodal CCD and copolymers with a 
block shaped CCD. 

6.6.1 HOMOGENEOUS COPOLYMERS 

The production of homogeneous copolymers in the pulsed packed column (PPC) with a Raschig 
ring packing has been investigated by van den Boomen et.al. [van den Boomen, 1997, van den 
Boomen et.al., 1999]. Using a detailed batch emulsion copolymerization model, van den Boomen 
calculated optimal continuous and pulsewise addition profiles of styrene for the production of a 
homogeneous styrene-methyl acrylate copolymer with an average styrene fraction of 0.25 
kmol/kmol in a batchwise operated stirred tank reactor. Both the continuous addition mode and 
the pulsewise addition of five portions of styrene resulted in fairly homogenous copolymers.  

The batch stirred tank process was subsequently translated to the continuous PPC process 
assuming plug flow. A limitation was that on the PPC used by van den Boomen, additional feeds 
could only be connected in between the glass segments, at a fractional column length of 0.2, 0.4, 
0.6 and 0.8. To be able to feed the most reactive monomer, styrene, three times at moderate 
conversions, the process conditions were chosen as such to stretch the progress of conversion 
over the full reactor length, resulting in a rather low overall conversion of 0.9 in the outlet, see 
figure 6-19. 
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The particle concentration in the feed of the PSPC experiment was not reported correctly by 
van den Boomen et.al. A fourfold higher value of 1.1·1021 mw

3, as reported by Oprins [Oprins, 
1996], and the other experimental conditions [van den Boomen et.al., 1999] were used in the 
simulation of the experiment with the PSPC model. For an average number of radicals per 
particle (ñ) of 0.21, the reaction rate is overestimated and the experimental and predicted 
conversions diverge. 

As discussed in section 6.2.1, ñ fitted from the batch runs should only be used for predictions 
in experiments where the same seed latex is used, to compensate for possible errors in the 
determination of the particle concentration. Since this is not the case, it is very well possible that a 
batch experiment performed with the seed used by van den Boomen would have resulted in a 
considerably lower ñ. If a value of 0.15 is used for ñ, the predicted conversion fits the 
experimental conversion well. 
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figure 6-19  Conversion-space profile (left) and CCD (right) of an emulsion copolymerization 
experiment in the PPC with Raschig ring packing. Mean residence time: 5300s, pulsation stroke 
length: 12 mm and pulsation frequency 3.5 Hz. Top two graphs show the model prediction using an 
average number of radicals (ñ) of 0.21, bottom graph the prediction for ñ=0.15. Left graphs: lines 
indicate model prediction by the stage-wise mixing model, markers indicate experimental data [van 
den Boomen et.al., 1999];  & S: partial conversion of styrene,  & MA: partial conversion of methyl 
acrylate, : overall conversion,  & fs,r: mole fraction of styrene in the free monomer measured by GC, 
FS: Instantaneous copolymer composition. Bars indicate the feed rate of styrene monomer. Note that 
the conversions were calculated using the definition given in chapter 2 and not by the definition used 
by van den Boomen [1997]. Right graphs: Bars indicate predicted CCD, lines the detector response of 
the GPEC analysis. 
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In the PPC experiment the composition drift was largely suppressed by the addition of the more 
reactive monomer and axial mixing. Still, the model predicts some homopolymerization of methyl 
acrylate. In the experimental conversion curves and in the GPEC trace, there are no signs of this 
homopolymerization of methyl acrylate, presumably because the experimental conversion at the 
outlet of the column was below 0.9 with still a considerable amount of free methyl acrylate 
present. The GPEC measurement shows a sharp peak at a styrene fraction of 0.2 and tails 
similarly as the model prediction. Problems with the calibration of the GPEC [van den Boomen 
et.al., 1999], make the absolute position of the peak rather uncertain and no conclusions about the 
validity of the model prediction of the CCD can be drawn. 

The limited freedom in the number and position of the side-feeds make the occurrence of 
composition drift near the outlet of the column likely. The copolymer product probably was not 
completely homogeneous, especially if the non-reacted methyl acrylate was converted later in e.g. 
a storage tank. If the position and number of feed points is chosen with more freedom, the 
composition control can be much improved, as demonstrated in figure 6-20. 

In the PSPC, the larger number of available feed positions and the possibility to use high 
pulsation velocities to increase axial mixing and thereby suppress composition drift can be 
exploited. The predictions in figure 6-20 give an indication of what should be possible in the 
PSPC for low and high pulsation velocities. In the model calculations the same mean residence 
time, particle concentration and methyl acrylate feed flow rate were used as in figure 6-19. 
Temperature was increased from 50 to 80°C to increase the conversion at the outlet. Feeds were 
only applied at axial positions where also feed points are physically available on the PSPC.  

At a low stroke length of 5 mm, axial mixing is limited and a large number of side-feeds is 
needed to suppress the composition drift, Only if approximately 10 side-feeds are applied, a more 
or less homogeneous copolymer is obtained, see figure 6-21. 

If a higher pulsation velocity is used, the number of required side-feeds can be reduced 
considerably. With only three feeds, the copolymer composition can be kept within a bandwidth 
of 0.15 kmol/kmol and the homopolymerization of methyl acrylate can be almost completely 
suppressed. If the number of feed points is increased from 3 to 4, 6 or 9, the bandwidth can be 
reduced to 0.11, 0.065 or 0.03 kmol/kmol, respectively. The model predictions show that the 
PSPC can produce high conversion homogeneous copolymers with a limited number of feed 
points if intense pulsation conditions are used. 
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figure 6-20  Model predicted conversion, free styrene (fS,r) and instantaneous copolymer composition 
(FS) profiles for a seeded emulsion copolymerization of styrene (S) and methyl acrylate (MA) in the 
PSPC at 80°C with an overall styrene fraction in the feed of 0.25 kmol/kmol and different numbers 
of feed streams, indicated by vertical lines. Pulsation frequency is 3.2 Hz, pulsation stroke length is 5 
mm for the top two graphs and 25 mm for the middle and the bottom graphs. Mean residence time is 
5300 s, particle concentration is 1·1021 mw

-3 and monomer weight fraction is 0.25 kg/kg.  
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figure 6-21  Predicted CCDs of the six simulations shown in figure 6-20. 

6.6.2 BIMODAL CCD 

For the production of a copolymer with a bimodal CCD, a balance has to be found in suppressing 
the composition drift during the production of the two homogeneous copolymers and allowing a 
quick change in the copolymer composition when switching from producing the first 
homogeneous copolymer to the second one. The composition drift is reduced most if axial mixing 
is large whereas the quick change in copolymer composition can only be obtained if plug flow is 
approximated.  
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In figure 6-22 the influence of the pulsation conditions on the conversion profiles and the 
product CCD is plotted. At a low pulsation velocity, composition drift is strong and the copolymer 
composition decreases rapidly downstream of the styrene feed points. Also the influence of 
monomer backmixing on the copolymer composition does not extend very far upstream from the 
feed points.  
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figure 6-22  Model predicted conversion, free styrene (fS,r) and instantaneous copolymer composition 
(FS) profiles for a seeded emulsion copolymerization of styrene (S) and methyl acrylate (MA) in the 
PSPC. Same recipe as figure 6-6, except the distribution of the styrene feeds as indicated by vertical 
lines. The line at x/L=0.415 shows the feed rate of methyl acrylate Pulsation frequency is 3.2 Hz, 
pulsation stroke length is 5 mm, 15 mm and 25 mm, in top, middle and bottom graph, respectively. 
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As a result, the copolymer composition takes a sharp step from the high to the low styrene 
composition, and has a rather angular profile in the second part of the column. Only by 
increasing the number of additions to 6, the two peaks in the product CCD can be kept narrow. In 
the product CCD only very little copolymer with an intermediate chemical composition is 
observed. 

As the pulsation velocity is increased, the composition drift during the production of the high 
or low styrene fraction is reduced considerably until it is almost absent. Unfortunately, also the 
backmixing of the methyl acrylate from the feed is much enhanced and the transition from the 
high styrene fraction to the low styrene fraction takes place in a larger part of the column. As a 
result, a considerable amount of copolymer with an intermediate chemical composition is 
produced. The product CCD no longer resembles a bimodal distribution. 

To be able to take advantage of the beneficial effect of backmixing on the reduction of 
undesired composition drift in the production of a copolymer with a bimodal CCD, the column 
could be split in two shorter columns in series, in between which no backmixing is possible. Each 
of the columns then can be operated at a high pulsation velocity to reduce composition drift using 
a limited number of monomer feeds while the step to of the production of the high styrene 
fraction to the low styrene fraction copolymer remains infinitely sharp. 

6.6.3 BLOCK CCD 

The production of a copolymer with a block shaped CCD requires a constant drift of the 
copolymer composition with conversion. As shown in section 6.5, the opposite effects of the 
composition drift and the backmixing in the PSPC result in sections of the column where the 
copolymer composition changes very slowly and sections where it changes very quickly. In the 
section where the copolymer composition changes very slowly, the backmixing of styrene from a 
downstream feed point counteracts the composition drift, but is insufficient to push the free 
styrene fraction to higher values. As a result, equation 6-2 is not obeyed. 

Since the pulsation velocity in the experiment was already high, a further increase to 
smoothen the free styrene fraction profile is not of practical interest and only a larger number of 
styrene feed points, positioned closer together, is feasible. Results of simulations using 6 side-
feeds at positions physically available on the PSPC, see figure 2-2, are plotted in figure 6-23.  

The increase in the number of side-feeds from 3 to 6 gives a more block shaped CCD 
compared to the CCD in figure 6-14, however, the block is somewhat skewed. If the feed point 
spacing is increased with 0.2 meter for the low positioned feed points to allow the production of 
somewhat more copolymer with a low styrene fraction, the CCD becomes skewed in the opposite 
direction (not shown). Apparently, the smallest step of 0.2 meter for choosing the optimal side-
feed position is too large and the production of a block shaped CCD using this particular feed 
composition is not possible.  

If the reaction rate is increased by, for example, a 1.4 fold higher particle concentration, the 
higher conversion in the lower part of the column results in a fairly block shaped CCD. The block 
could be smoothed further by applying a larger number of feeds to fill up the gaps and with 
approximately 10 feed points in total (not shown), the CCD produced with the continuous styrene 
addition profile in batch will be closely approximated. 
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figure 6-23  Model predicted conversion, free styrene (fS,r) and instantaneous copolymer composition 
(FS) profiles for a seeded emulsion copolymerization of styrene (S) and methyl acrylate (MA) in the 
PSPC. Top graph: identical recipe as figure 6-13, except for the distribution and flow rates of the 
various styrene feeds, indicated by vertical lines. Bottom graph: the same, except for a 1.4 fold higher 
particle concentration. 

6.7 TRANSITION PERIOD 
An important reason for the widespread use of batch operated stirred tank reactors in the 
production of emulsion polymers is the flexibility of the process to produce a large number of 
different products in relatively small quantities. The advantages of a continuous process, e.g. 
higher productivity and improved product control, are often canceled by a poor flexibility towards 
product changes.  

The amount of product that has an intermediate composition if a product change is applied 
depends strongly on the residence time distribution of the reactor system. For the production of 
seed latex in the PSPC, see chapter 4, plug flow is very closely approximated because of the high 
net flow velocity. The off-spec production period in that case is under a half mean residence time. 
Combined with the small required reactor volume, because of the high productivity, only a very 
small amount of off-spec product will be formed.  

For the emulsion copolymerizations studied in this chapter, the net flow velocity is 
considerably lower, resulting in a more pronounced deviation from plug flow. A product change 
in that case therefore can be expected to result in a larger off-spec production period. To study the 
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transition in the product composition at the outlet of the reactor for a product change, a 
simulation with the PSPC model was performed. The transition from the production of a 
homogeneous copolymer with an average styrene composition of 0.5 kmol/kmol to a 
homogeneous copolymer with an average styrene composition of 0.25 is shown in figure 6-24. 

0

0.2

0.4

0.6

0.8

1

0 0.2 0.4 0.6 0.8 1
x/L [-]

C
on

ve
rs

io
n 

[k
g/

kg
]

Fr
ac

tio
n 

st
yr

en
e 

[k
m

ol
/k

m
ol

]

0.0

0.5

1.0

1.5

Fe
ed

 ra
te

 [1
0-6

 k
g/

s]

fS,r

FS

S
MA

6 feeds

0

0.2

0.4

0.6

0.8

1

0 0.2 0.4 0.6 0.8 1
x/L [-]

C
on

ve
rs

io
n 

[k
g/

kg
]

Fr
ac

tio
n 

st
yr

en
e 

[k
m

ol
/k

m
ol

]

0.0

0.1

0.2

0.3

0.4

0.5

Fe
ed

 ra
te

 [1
0-6

 k
g/

s]

fS,r

FS

S
MA

6 feeds

 

0.0

0.1

0.2

0.3

0.4

0 0.2 0.4 0.6 0.8 1
FS [kmol/kmol]

Am
ou

nt
 [A

.U
.]

0.6

0.8 

1.2

1.41.2 

1.4

1.8 1.0

 
figure 6-24  Transition from the production of a homogeneous copolymer with an average styrene 
fraction of 0.5 kmol/kmol to a homogeneous copolymer with a fraction of styrene of 0.25 

kmol/kmol. Top two graphs show the model predictions before (left) and 2.5 mean residence time (τ) 
after (right) a change in the main feed composition. The feed rates of styrene at the 6 different axial 

positions (x) were changed at a dimensionless residence time (t/τ) equal to the dimensionless axial 
position (x/L) after the change of the main monomer feed rates. Bottom graph shows the evolution of 
the CCD of the product at the outlet of the reactor at different mean residence times after the change 
in the feed composition. Pulsation frequency is 3.2 Hz, pulsation stroke length is 15 mm, mean 
residence time is 5300 s, temperature is 80°C, particle concentration is 1·1021 mw

-3, average number 
of radicals per particle is 0.21 and monomer weight fraction is 0.25 kg/kg.   

The chemical composition distribution at the outlet starts to change 0.6 mean residence times 
after the change of the main feed composition and becomes stationary after approximately 1.8 
mean residence times. Even at the low net flow velocity and the moderate pulsation velocity used 
in this simulation, the off-spec production period is only somewhat longer than one mean 
residence time. The result demonstrates that the deviation from plug flow is still relatively small. 
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Product changes in the PSPC reactor therefore can be made swiftly and the flexibility of the 
process makes it a good alternative to the semi-batch operation 

6.8 CONCLUSION 
The experiments in the PSPC demonstrate that the CCD of the latex product strongly depends on 
the degree of axial dispersion. At moderate pulsation velocities, for which plug flow is 
approximated, the product CCD is very similar to that of latex produced in a batchwise operated 
stirred tank reactor with pulsewise addition of monomers. Despite the approximation of plug 
flow, the axial mixing still is noticeable in a reduction of composition drift and the smooth change 
of the monomer concentrations at side-feeds. For high pulsation velocities, the product CCD no 
longer resembles that of the latex produced in batch using pulsewise additions of monomer. In 
that case, the backmixing of monomer in the PSPC can be thought to consist of a series of 
concave shaped continuous addition profiles in semi-batch operation.  

The course of a seeded emulsion copolymerization of styrene and methyl acrylate in a 
batchwise operated stirred tank can be predicted well with a relatively simple model taking into 
account phase equilibria and copolymerization kinetics and using a single fitted value for the 
average number of radicals per particle. In the model prediction the particle concentration is a 
critical parameter and has to be determined accurately. Integration of phase equilibria, 
copolymerization kinetics and the stage-wise mixing observed in the PSPC resulted in a reactor 
model for the PSPC. The model gives a good description of the conversion and CCD profiles for 
the seeded emulsion copolymerization in the PSPC, both for moderate and high pulsation 
velocities. The reactor model can be a valuable tool in choosing the appropriate recipe and 
operating conditions to obtain copolymers with a typical CCD.  

The model predictions indicate that homogeneous copolymers can be produced very well 
using a high pulsation velocity to enhance axial mixing and suppress composition drift. The 
number of side-feeds determines the width of the unimodal peak in the CCD. For a mean 
residence of approximately 1.5 hours and a pulsation velocity of 60 mm/s, the required number of 
monomer feeds will be in the order of 3 to 6, depending on the maximum allowed variation in the 
chemical composition. 

For the production of a copolymer with a bimodal CCD the backmixing has to be limited to 
allow a sharp change in the free monomer composition. For these limited backmixing conditions, 
a relatively large number of monomer feeds, approximately 7, is required. One feed is used to 
shift the monomer composition at a conversion of 0.5, another 6 are needed to suppress 
composition drift during the production of the individual homogeneous copolymers. 

A continuous, model-predicted feed rate of styrene to a semi-batch operated stirred tank 
reactor allows the production of a copolymer with a block-shaped CCD. In the PSPC, a copolymer 
with a block-shaped CCD can only be produced if backmixing is maximized and a large number 
of side feeds, e.g. 6 to 10, are used to get an appropriate convex shaped free styrene fraction 
profile. Since the backmixing will always result in a local concave free styrene fraction profiles, the 
CCD of the product latex will not be truly block-shaped, but will contain different relative amounts 
of copolymers wit a certain chemical composition. 

In summary, the PSPC can offer the same flexibility of a batch reactor if a large number of 
side-feeds is available. The influence of axial mixing on the product properties can be considerable 
and should be accounted for in reactor modeling, using for example the stage-wise mixing model. 
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7 FUTURE

INDUSTRIAL 

APPLICATIONS?7 
 

 
The work presented in this thesis has resulted in an interesting continuous alternative for the 
semi-batch operated stirred tank reactor. A simple seeded emulsion copolymerization model was 
applied successfully in the open-loop control of the intermolecular chemical composition 
distribution in semi-batch stirred tank operation and in the continuous flow pulsed sieve plate 
column (PSPC) process. The PSPC process is shown to be a flexible, better controlled and smaller 
alternative to the large-scale semi-batch operation.  

7.1 MODELING OF EMULSION COPOLYMERIZATION 
A simple mechanistic model for the seeded emulsion copolymerization of styrene and methyl 
acrylate was shown to give good predictions of the course of the reaction. The model could be 
used well for model predictive control of the chemical composition of the copolymer (chapter 6). 
The phase equilibria and reactivity ratios were shown to be independent of the reaction 
temperature (chapter 5) and only a single set of solubilities and reactivity ratios is required for the 
modeling of a styrene and methyl acrylate emulsion copolymerization. 

Radical population balance equations were not included in the model. The average number of 
radicals (ñ) was fitted from batch runs and subsequently used for the calculation of the 
polymerization rate. The accuracy of ñ depends strongly on the accuracy with which the particle 
concentration of the seed latex is determined. To avoid errors in the model prediction of the 
polymerization rate, ñ should be determined from batch runs for each individual batch of seed.  

In that way, possible errors in the particle concentration will still result in a wrong estimate of 
ñ, but the total number of growing chains (ñ · Np) and therefore the polymerization rate will be 
predicted correctly. If a seed latex production process is used that results in highly reproducible 
particle concentrations for different production runs, e.g. the PSPC (chapter 4), experiments to fit 
ñ for each batch of seed may be omitted. 

Inaccuracies in the determination of the particle size reduce the advantages of detailed 
mechanistic modeling for the calculation of ñ [van den Boomen, 1997, van den Boomen et.al., 
1996, Saldivar and Ray, 1995]. Even if a complete set of correct kinetic parameters is available for 
the calculation of ñ, the polymerization rate will not be predicted correctly for a seeded emulsion 
polymerization because of errors in the particle concentration. The fitted ñ in the empirical 
approach used in this thesis results in a compensation for errors in the particle concentration and 
will give a better prediction of the reaction rate. 

Moreover, the lack of accurate kinetic data [van Herk and German, 1998], especially for less 
well-studied systems, hampers the applicability of detailed mechanistic models. The modeling 
approach used in this thesis requires only the solubilities and copolymerization reactivity ratios 
and should be easier to apply generically to industrial emulsion copolymerizations. 
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7.2 THE PULSED SIEVE PLATE COLUMN REACTOR 
The development work on the Pulsed Packed Column (PPC) reactor has resulted in a very 
versatile novel reactor configuration: the Pulsed Sieve Plate Column (PSPC). With the stainless 
steel column, the diaphragm type pulsator and the stainless steel internals, reliability was largely 
improved compared to the earlier used glass column and piston type pulsator (chapter 2). 
Important advantages over the earlier used PPC with Raschig ring packing are the absence of 
poorly mixed volumes, the much improved heat transfer and the improved mixing at low stroke 
lengths through the application of a different type of pulse generator (chapter 3). 

APPLICATION OF THE PSPC FOR EMULSION POLYMERIZATION 

The successful production of polystyrene seed latex (chapter 4) has demonstrated that the PSPC is 
an excellent reactor for performing fast, highly exothermic reactions. Even for the ab-inito 
emulsion polymerization, which is very sensitive to residence time distribution, the very close 
approximation of plug flow resulted in product properties identical to those of latex produced in a 
batchwise operated stirred tank reactor. An improvement of the PSPC compared to the batch 
process is the much better temperature control through the continuous steady state operation. 
Another benefit of the continuous operation is that the heat released by the polymerization 
reaction can be used to heat up the feeds to the reactor instead of being degraded into cooling 
water. The PSPC process therefore will be much more energy efficient and cheaper to operate 
than the semi-batch process. 

In semi-batch stirred tank operation the reaction is generally slowed down to avoid thermal 
runaway by relatively slow addition rates of monomer. The high heat transfer coefficients of the 
PSPC in combination with the favorable surface-to-volume ratio make a considerable reduction of 
the reaction time possible. If the reaction is performed with high monomer feed rates, at an 
increased temperature, complete conversion can be attained in less than two hours (chapter 6). 
This is considerably faster than the reaction periods of over 10 hours that are common for semi-
batch processes.  

The flexibility provided by batch operated stirred tank reactors for the production of a large 
number of different products is approached by the PSPC. Through the approximation of plug 
flow, the start-up and changeover periods are short (chapter 6) to very short (chapter 4), 
depending on the operating conditions. Control of the course of the reaction, as possible in a 
batchwise operated stirred tank reactors through the use of a time dependent feed of reagents, can 
be approximated in the PSPC by the application of side feeds to the reactor (chapter 6). In the case 
of the seeded emulsion copolymerization of styrene and methyl acrylate, the required number of 
feeds for proper control of the intermolecular chemical composition distribution (CCD) of the 
product depends on the type of distribution that is desired and varies between 3 and 10 for this 
particular PSPC reactor.  

In the modeling of the PSPC the backflow of components in the reactor, but especially from 
side feeds, has to be taken into account to obtain accurate predictions of the conversion profiles 
and the product properties. For example, in the production of latex with a bimodal CCD the 
physical backmixing of monomer resulted in the formation of copolymer with an intermediate 
chemical composition (chapter 6). Such copolymer might have a considerable influence on the 
mechanical properties as it can act as a compatibilizer.  

If sufficient kinetic data is available, the stage-wise mixing model with discrete backflow, 
validated by residence time distribution measurements (chapter 3) and emulsion 
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copolymerizations (chapter 6), can be used as a valuable tool to predict the influence of 
backmixing and the number side feeds on the course of the reaction and the product properties. 

In case side feeds are used to control other latex properties, e.g. particle size distribution 
(PSD) or molecular mass distribution (MMD), the backmixing of e.g. emulsifier, chain transfer 
agent or monomer from a side feed will have a similar effect on the particular distribution as the 
backmixing of a single monomer on the CCD in the case of a copolymerization. If a high 
pulsation velocity or low net flow velocity is used, it will be difficult to produce latex with a 
bimodal chemical composition, particle size or molecular mass distribution in a single PSPC 
reactor. 

Besides improved control, another important advantage of continuous compared to batch 
operation is the elimination of waiting periods, e.g. filling, heating and discharging operations. 
The resulting higher productivity of the reactor allows a considerable reduction of reactor size and 
thus capital investment costs. The smaller reactor volume and the lower volume fraction of non-
reacted material in the continuous reactor compared to the initial charge in a batchwise operated 
reactor diminishes the risk and effects of runaways.  

With side feeds, the PSPC is a flexible, better controlled, more energy efficient, smaller and 
intrinsically safer continuous alternative to the semi-batchwise operated stirred tank reactor. 

OTHER CHEMISTRY IN THE PSPC 

The excellent control of local mixing and the approximation of plug flow in a relatively short 
reactor make the PSPC an interesting alternative to a large number of other batch processes. The 
PSPC, although developed from a different background, is very similar to the oscillatory flow 
baffled reactor (OBR) with respect to the way local mixing is generated from an oscillatory/pulsed 
motion of the liquid in the reactor and the presence of sharp edges (chapter 3).  

In the OBR a number of potential industrial applications for reactions that require a good 
control of mixing intensity have been investigated: the saponification of fatty acids [Stonestreet 
et.al., 1999, Harvey et.al., 2001], suspension polymerization [Ni et.al., 1998, Pereira, 2001], gas-
liquid mass transfer [Ni and Gao, 1996], photocatalyzed wet oxidation in heterogeneous systems 
[Fabiyi and Skelton, 1999] and phase transfer catalysis [Wilson et.al., 2001].  

The higher number of mixing stages in the PSPC per length of the reactor compared to the 
OBR gives a closer approximation of plug flow at equivalent or even higher stroke lengths and 
frequencies. The resulting more intense local mixing at an improved overall plug flow 
performance makes the PSPC a better design for reactions that require a combination of intense 
mixing and plug flow. It would be interesting to compare the performance of the PSPC with that 
of the OBR for the reactions enumerated above.  

Besides enhanced local mixing and an improved interphase contact in the case of 
heterogeneous reaction mixtures, oscillatory flow can also be used to improve transport to and 
from surfaces. For example, the radial heat and mass transfer in a tubular membrane reactor can 
be much enlarged through the application of a pulse and the use of appropriate internals. The 
improved radial mass transfer, the close approximation of plug flow and the low net flow velocity 
could result in a considerable reduction of the required membrane area. 

 
The continuous oscillatory flow reactor is a promising concept, which can be used very well to 
replace existing semi-batch processes or enhance traditional continuous processes. Considerable 
process intensification in terms of required reactor volume and product quality are possible.  

  



 

NOTATION     
ABBREVIATIONS 

CCD Intermolecular chemical composition distribution  
CHDF Capillary hydrodynamic fractionation  
CMC Carboxy methyl cellulose  
CSTR Continuous flow stirred tank reactor  
DLS Dynamic light scattering  
ELSD Evaporative light scattering detector  
EPDM Ethylene-propylene-diene monomer  
FID Flame ionization detector  
GC Gas chromatography  
GPEC Gradient polymer elution chromatography  
KCl Potassium chloride  
LMTD Logarithmic mean temperature difference  
MA Methyl acrylate  
OBR  Oscillatory baffled reactor  
OFM Oscillatory flow mixing  
PFR Plug flow reactor  
PID Proportional integral derivative (control)  
PPC Pulsed packed column  
PSD Particle size distribution  
PSPC Pulsed sieve plate column  
RC1 Reaction calorimeter reactor  
RTD Residence time distribution  
S Styrene  
SBR Styrene-butadiene rubber  
SPS Sodium persulfate  
TBC 4-tert-butylcatechol  
TEM Transmission electron microscopy  
UV Ultraviolet light absorption  
UV-VIS Ultraviolet-visible light absorption  
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SYMBOLS 

A styrene-methyl acrylate mass ratio kg kg-1 

Ci concentration of component i kmol m-3 

cp heat capacity kJ kg-1 K-1

dp particle size m
dr packing diameter m
D (inner) reactor diameter m
Dj outer reactor diameter m
E axial dispersion coefficient m2 s-1 

f ratio of the backflow and the net forward flow -
f stroke frequency s-1 

fA,f molar fraction of free monomer A in the feed kmol kmol-1 

fA,r molar fraction of free monomer A in the reactor kmol kmol-1

Fi molar convective flow of component i kmol s-1

Fi fraction of monomer i in copolymer kmol kmol-1

fS mole fraction of  styrene in the free monomer kmol kmol-1

FS mole fraction of  styrene in the copolymer kmol kmol-1

fs,feed free styrene mole fraction in the feed kmol kmol-1

fS,r free styrene mole fraction in the reactor kmol kmol-1

G volumetric net forward flow rate m3 s-1 

Gmon molar flow rate of monomer kmol s-1 

hi partial heat transfer coefficients on the inside of the reactor wall kW m-2 K-1

hj partial heat transfer coefficients on the jacket-side of the reactor wall kW m-2 K-1

Ji molar flux of i caused by local mixing kmol m-2 s-1 

k heat conductivity kW m-1 K-1

kp propagation rate coefficient m3 s-1 kmol-1 

<kp> average propagation rate coefficient m3 s-1 kmol-1

kw heat conductivity coefficient of the wall kW m-1 K-1

L length of the reactor m
l baffle spacing m
mpol amount of polymer formed kg
mMA amount of methyl acrylate added to the reactor kg
mMA GC amount of methyl acrylate present in the GC sample kg
mS amount of styrene added to the reactor kg
mS GC amount of styrene present in the GC sample kg
[M],p polymer phase monomer concentration kmol mp

-3

[M],p,sat polymer phase monomer saturation concentration kmol mp
-3

[M]aq aqueous phase monomer concentration kmol mw
-3

[M]aq,sat aqueous phase monomer saturation concentration kmol mw
-3

[M]p,tot total monomer concentration in the particles kmol mp
-3

<Mn> number average degree of polymerization kg kmol-1 

MN number average molecular mass kg kmol-1

MW weight average molecular mass kg kmol-1

N total number of stages -
ñ time average number of radicals in a particle -
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Nav Avogadro’s number kmol-1

Np particle concentration in the aqueous phase mw
-3

Pe Peclet number -
Penucl nucleation zone Peclet number -
Q amount of tracer kmol
R gas constant kJ kmol-1 K-1 

R tube radius m
R0 unswollen particle radius m
Re Reynolds number -
Ri volumetric reaction rate of monomer i, kmol m-3 s-1 

ri
n volumetric reaction rate of component i kmol m-3 s-1

RMA molar reaction rate of methyl acrylate kmol s-1

Rp volumetric polymerization rate kmol mw
-3 s-1

RS molar reaction rate of styrene kmol s-1

Rv,i volumetric production rate of component i kmol m-3 s-1

S cross sectional area m2 

s stroke length m
T temperature °C
t time s
Tau one mean residence time in a reactor -
tdown time during which the pulsator moves down s
tup time that the pulsator is at rest and moves upward s
U overall heat transfer coefficient kW m-2 K-1

u interstitial velocity m s-1 

V volume m-3

Va Valensi number -
VCSTR  m3

Vdown volume of liquid that is displaced during downward movement of 
pulsator 

m3

Vm partial molar volume of the monomer m3 kmol-1 

Vup volume of liquid that is displaced during upward movement of 
pulsator 

m3

wM monomer mass fraction kg kg-1 

wm,feed monomer mass fraction in the feed kg kg-1

X overall conversion kg kg-1 

Xtot,m overall conversion at time m kg kg-1

XMA,m methyl acrylate conversion at time m kg kg-1

XS,m styrene conversion at time m kg kg-1

XM
tot,m momentary overall conversion at time m kg kg-1

XM
MA,m momentary methyl acrylate conversion at time m kg kg-1

XM
S,m momentary styrene conversion at time m kg kg-1

x axial position m
Xi partial conversion of monomer i kmol kmol-1

xi
n concentration of component i in the flow from stage n kmol m-3 

Xi
n concentration of component i in stage n kmol m-3 

z dimensionless distance -
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χ Flory-Huggins interaction parameter -

∆HMA heat of reaction of the homopolymerization of methyl acrylate kJ kmol-1 

∆HS heat of reaction of the homopolymerization of styrene kJ kmol-1

ε bed porosity m3 m-3 

γ particle-water interfacial tension N m-1 

ϕ1 fitted coefficient of equation 3-22 -

ϕ2 fitted coefficient of equation 3-22 -

κ2 fitted coefficient of equation 3-22 -

νn volume of stage n m3 

νp volume fraction of polymer in the latex particles m3 m-3 

ρ density kg m-3

τCSTR mean residence time in a CSTR s

υ kinematic viscosity m2 s-1 

ω angular velocity rad s-1 
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A.1 INTRODUCTION 
In an emulsion polymerization monomer is distributed over the polymer particle phase, the 
aqueous phase and, if sufficient monomer is present, a monomer droplet phase. In an emulsion 
copolymerization, the different solubilities of the monomers in respectively the aqueous, polymer 
particle and droplet phase results in different local monomer fractions. In the phase partitioning 
calculations used in this thesis the relations derived by Maxwell and Noel were used [Noël et.al., 
1993, Maxwell et.al., 1992b]. From thermodynamic equilibrium equations [Vanzo et.al., 1965, 
Morton et.al., 1954] and a few assumptions Maxwell and Noël arrived at a set of equations that 
only need the values of the saturation concentrations of the individual monomers in the polymer 
and in the aqueous phase.  

A.2 SATURATION SWELLING (STAGE II) 
A mass balance for styrene and methyl acrylate distributed over the three phases gives: 

sty

styp,pp
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styw,wsty υ
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V
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ϕϕ
++=  Eq. A-1 
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MAw,wMA υ
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CVN

ϕϕ
++=  Eq. A-2 

With Ni as the total amount of monomer i. Vw Vd and Vpp as the volume of the aqueous phase, 
droplet phase and polymer in the particle phase respectively. The volume fraction of monomer i 

in the droplet and particle phase is represented by ϕd,i and ϕp,i respectively, the partial molar 

volume of component i by υi, the concentration of monomer i in the aqueous phase by Cw,i. The 
droplet phase contains styrene and methyl acrylate monomer, the particle phase also contains 
polymer, hence: 

1MAd,styd, =+ϕϕ  Eq. A-3 

1,,, =++ ppMApstyp ϕϕϕ  Eq. A-4  

The volume fraction of polymer in the particle phase is represented by ϕp,p. 
In the case of saturation swelling, the styrene-methyl acrylate volume ratios in the particle and 
droplet phase were found to be equal: 
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From the monomer-water equilibrium equations A-6 and A-7 are obtained: 
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With Cw,i,sat as the homosaturation concentration of monomer i in the aqueous phase. The total 
monomer saturation volume in the particles is taken as the arithmetic mean of the individual 
saturation concentrations using the volume fractions in the monomer droplets: 

MAd ,satMA,p,styd,satsty,p,pp **1 ϕϕϕϕϕ +=−  Eq. A-8 

Solving equations A-1 through A-8 the monomer concentrations in each phase can be calculated. 

A.3 PARTIAL SWELLING (STAGE III) 
A mass balance for styrene and methyl acrylate distributed over the two phases gives: 
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The monomer volume ratio in the polymer particles is given by: 
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The total fictitious saturation monomer concentration in this case is calculated as the arithmetic 
mean of the individual monomer saturation concentrations using the volume fraction of the 
particular monomer in the particle phase: 
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This fictitious saturation monomer concentration is used in the calculation of a correction factor 
for the Vanzo equation [Vanzo et.al., 1965]: 

])1[ln(. ,, satppsatppcorr ϕϕ +−−=  Eq. A-13 
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Using this factor to replace the interaction and interfacial terms in the Vanzo equation the 
following two equations are obtained:  
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Solving equations A-9 through A-15 the monomer concentrations in the particle and aqueous 
phase can be calculated. 

A.4 PARAMETERS 
Saturation concentrations of the monomer in the aqueous phase and in the polymer particle 
phase, the latter expressed in volume fractions in table A-1, were used in the partitioning 
calculations. 

table A-1 Physical parameters of the monomer pair styrene (S) and methyl acrylate (MA). 
a) Values reported by [Schoonbrood et.al., 1996b] for polystyrene. 

Parameter   S MA 

Ci,w,sat 
a
 [kmol m-3] 4.3·10-3 0.62 

φp,i,sat  
a [m3 m-3] 0.688 0.634 

Mw,i [kg kmol-1] 104.13 86.09 

ρi [kg m-3] 878 950 

 

 



 

B COPOLYMERIZATION 

KINETICS OF 

STYRENE -
METHYL ACRYLATE

B 
 

B.1 Introduction 
In the copolymerization of many monomers the reactivities of the different radical end groups of 
the copolymer chains towards the two monomers are not equal. As a consequence, the 
instantaneous copolymer composition deviates from the monomer composition. The average 
propagation rate depends on the different reactivities and the concentrations of the different 
reagents and therefore is a function of monomer composition. 

For the monomer pair styrene-methyl acrylate the implicit penultimate model has been 
shown to give an adequate description of instantaneous copolymer composition and average 
propagation rate. This copolymerization model has been used in modeling studies. 

B.2 COPOLYMERIZATION REACTIONS 
The copolymerization kinetics of styrene and methyl acrylate can be described using the 
penultimate model [Davis et.al., 1991]. In this model the reaction of four different end groups with 
the two monomers are considered: 
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  Eq. B-1 

With -Mij· as a propagating copolymer chain with a radical endgroup j and a penultimate group i, 
Mk as monomer k and kijk as the propagation rate coefficient for the propagation of a copolymer 
chain having a penultimate group i and endgroup j with monomer k.  
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Taking the ratio of the homopolymerization and the crosspropagation reaction rate coefficients of 
a specific copolymer radical, four reactivity ratios can be defined: 
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 Eq. B-2 

Additionally, also the ratio of the homopolymerization rate coefficients for copolymer radicals 
with a different penultimate unit can be defined: 
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From these reactivity ratios an expression for the average propagation rate coefficient can be 
derived as a function of the molar fraction of styrene in the monomer (fS) and the molar fraction 
of methyl acrylate (fMA = 1 - fS) [Fukuda et.al., 1992]: 
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and: 
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The reactivity ratios can be determined experimentally from the instantaneous copolymer 
composition at a given fraction of styrene in the monomer. The equation relating monomer and 
instantaneous monomer (fS) and copolymer composition (FS) is given by: 
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 Eq. B-7 

For the monomer pair styrene methyl acrylate, no penultimate unit effect is observed on the 
copolymer composition and ri is equal to ri’.  This implicit penultimate unit effect results in the 
situation that the equation describing the copolymer composition (eq. B-7) reduces to the 
equation derived from the terminal model (eq. B-8) [Mayo and Lewis, 1944, Alfrey and 
Goldfinger, 1944], in which the influence of the penultimate unit is not taken into account.  
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The average propagation rate cannot be described by the terminal model since sS ≠ sMA. 

B.2.1 INFLUENCE OF TEMPERATURE 

The influence of temperature on the individual propagation rate coefficients in sheme 
B-1 is not known. Furthermore, most reactivity ratios have been determined at one temperature 
only and it is generally assumed that they do not change considerably with temperature. From 
theoretical grounds this is a reasonable assumption if the reactivity ratios are neither very small 
(<0.1) nor very large (>10) and the change in temperature is moderate (<20°C) [O'Driscoll, 1969]. 

For the homopropagation rate coefficients for styrene and methyl acrylate (kiii) the 
temperature dependence has been determined using the pulsed laser polymerization (PLP) 
method [Manders, 1997] and can be well described using the Arrhenius equation: 
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The pre-exponential factor (A) and the activation energy (Eact) for styrene and methyl acrylate are 
given in table B-1. T and R denote temperature and gas constant respectively.  

B.3 PARAMETERS FOR STYRENE - METHYL ACRYLATE 
Different parameter sets have been reported for the copolymerization of styrene and methyl 
acrylate, see table B-1. The reactivity ratios reported by Schoonbrood [Schoonbrood et.al., 1996b] 
were used in the modeling unless stated otherwise. A lot of different homopropogation rate 
coefficients are available, but the Arrhenius parameters determined from pulsed laser 
polymerization experiments by Manders [Manders, 1997] are considered to be the most reliable 
ones and were the only ones used in calculations. 

table B-1 Kinetic parameters of the monomer pair styrene (S) and methyl acrylate (MA).  
Values reported by a) [Manders et.al., 1996] b) [Manders, 1997] c) [Manders, 
1997]@50°C d)[Schoonbrood et.al., 1996b]@62°C 

Parameter   S MA 

kpiii A [m3 kmol-1 s-1]  4.57 107 a 7.80 106 b 

 Eact [kJ kmol-1]  3.26 104 a 1.77 104 b 

ri  0.73 d 0.62 c 0.19 d 0.16 c 

si  0.59 d 0.019 d 

 
Using the equations from section B.1, the average propagation rate coefficient and the 

instantaneous copolymer composition can be predicted as a function of monomer composition, 
see  

figure B-1. No major influence of using a different set of reactivity ratios is observed. Ignoring a 
small temperature dependence of the reactivity ratios therefore will still give an adequate 
prediction of copolymer composition and the average propagation rate coefficient. 
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figure B-1  Instantaneous copolymer composition (left) and average propagation rate coefficient 
(right) for the monomer pair styrene – methyl acrylate as a function of styrene fraction in the 
monomer. Calculated by using parameters from table B-1. Lines and markers denote calculations for 
the reactivity ratios given by Schoonbrood and Manders respectively. 
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DANKWOORD 
 
Een groot deel van het werk, het bouwen van een storingsvrije en vooral ook veilige opstelling is 
niet zichtbaar in de tabellen en grafieken van het proefschrift, terwijl dat toch de belangrijkste 
voorwaarde was voor het tot stand komen ervan. Het bedenken, overleggen en realiseren van 
oplossingen voor allerhande problemen was erg leuk en leerzaam. Ik wil graag alle mensen die 
me erbij geholpen hebben daarvoor bedanken.  
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continue experimenten hebben meegeholpen. Peter Steegs, Dicky van der Net, Peter Otten, 
Martijn Kuijpers, Ressy Reenis, Marco van Dongen, Jeroen Broere, Dick van Roosmalen en Karen 
Scholz en de research-stagairs Patrick Berden en Berend-Jan Kragt: bedankt! Het deel van jullie 
experimenten dat niet is opgenomen in het proefschrift was toch zeer nuttig voor de ontwikkeling 
van de nieuwe reactor en  het begrip van ondergetekende. 

Voor de ontwikkeling van de nieuwe reactor en de verbeteringen aan de opstelling wil ik in 
het bijzonder onze constructeur Karel Janssen en de technici van de ST werkplaats, Vincent Arts, 
Piet van Eeten en Chris Luyk bedanken. In de periode dat het voortbestaan van een goede 
technische ondersteuning steeds verder is afgebroken hebben zij toch altijd voor me klaargestaan. 
Ondanks de wat grotere afstand ben ik ook een veelvuldige bezoeker geweest bij de mechanische 
en elektrotechnische werkplaatsen in de W-hal. De hulp van Anton Bombeeck, Jan Ketelaars, 
Frans van der Krieken, Harry van der Loo, Jethro Molenaar, Jovita Moerel, Hans Wijtvliet en 
Janneke Zeebregts bij het bedenken van oplossingen, de bouw van nieuwe onderdelen en de 
aansturing ervan hebben bijgedragen tot een goed werkende en veilige opstelling. 

Tijdens de verhuizing van de pilot-plant naar het nieuwe lab is de veiligheid van de gehele 
opstelling herzien en is alles explosieveilig gemaakt. De kritische houding van Paul Weijmans 
met betrekking tot de veiligheid van de opstelling heeft de nodige tijd gekost, maar heeft 
uiteindelijk wel geresulteerd in een gezondere werkomgeving en een goede leerervaring met wat 
er naast het bedrijven van goed onderzoek allemaal komt kijken. Goede werkprocedures en het 
ontwerp van de zuurkast door Henk Woestenberg hebben er toe geleid dat alle veiligheids-
voorzieningen gelukkig nooit zijn getest. 

Naast de verbouwing van de opstelling zijn er ook veel experimenten uitgevoerd. Voor de 
hulp bij de analyses van het grote aantal monsters met NMR, TEM, GPEC en CHDF wil ik graag 
Alfons Franken, Christianne Gottgens, Marco Hersmis, Maartje Kemmere, Wieb Kingma Mike 
Schellekens, Xaviera Reynhout en Henk Woestenberg bedanken.  

De correcties op de tekst van het proefschrift door Bart Drinkenburg, Esther Hoffs, Jan 
Meuldijk en Michel Pepers hebben het proefschrift zeker leesbaarder gemaakt. De kromme 
zinnen die zijn blijven staan, zijn te danken aan de eigenwijsheid van de schrijver. Mijn 
co-promotor en promotor wil ik, behalve voor de kritische lezing, ook graag bedanken voor de 
stimulerende discussies, het vertrouwen en de grote mate van vrijheid die ze me gelaten hebben 
bij de invulling van het onderzoek. 



 

Verder wil ik alle mensen bedanken die geen actieve bijdrage aan het onderzoek hebben 
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