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Summary

Experiments on evaporation of sessile drops and boiling bubble growth

in mini-channels

In this thesis two physical phenomena involving a liquid-to-vapour phase transi-

tion are studied: a) sessile droplet evaporation by an approaching gas flow and b) the

growth dynamics of boiling bubbles in a mini-channel. For both topics experimental

test setups were designed and measurements have been performed. In conjunction

numerical simulations were carried out, resembling the experimental conditions as

much as possible. For both topics experiments primary gave insight in the overall

dynamics of the process, while numerical simulations provided further details into

the micro-scale mechanisms.

Deeper understanding of the evaporation dynamics of sessile drops is needed

to help improve a variety of processes, such as inkjet printing, spray cooling heat

transfer and agricultural spraying. As compared to sessile droplet evaporation in a

stagnant gas, which is a well studied topic, evaporation in an approaching gas flow

introduces loss of symmetry in the flow and temperature fields in and around the

drop. This renders the process into one for which predictive capacity and detailed

experimental data are lacking. In this work dedicated experiments and 2D simula-

tions are presented, which show that mass transfer is most intense at the upwind

side of the droplet, close to the three phase contact line. At the downwind side of

the drop wake formation and circulating flows occur in the gas phase, which limit

mass transfer. With increasing gas velocity the droplet evaporation rate increases,

which results in significant cooling of the droplet interface because of the associated

evaporation enthalpy. Now both heat and mass transfer become limiting factors for

evaporation. The droplet interface temperature becomes asymmetric by asymmetric

evaporation, but also by the influence of asymmetric internal flows in the droplet. A

single internal roll cell was observed, moving along with the dragging gas. The roll

cell is driven by shear stress induced by the approaching gas flow and not by thermo-



ii Summary

capillarity, which is suppressed by the presence of surface-active contaminants on

the interface. Inside the droplet the convection roll conveys warm liquid from the

base of the plate towards the upwind side of the interface, effectively promoting in-

ternal heat transfer. The thermal energy required for evaporation causes cooling of

the plate and gives rise to heat transfer from the flowing gas towards the droplet and

the plate. Most of the heat exchange between the droplet and the gas flow occurs

via the plate, which acts as a ’fin’ for heat transfer. A lumped capacitance model

was devised to estimate the heat transport rates between the droplet, the plate

and the gas phase. In addition an empirical mass transfer correlation was derived

for millimetre-sized water droplets in an approaching gas flow, for Péclet numbers

ranging from 1-30. Together these relations improve our predictive capacity of the

evaporation rate of droplets in an approaching gas flow.

In the past decades there has been increasing attention on miniaturization of

flow boiling systems for the purpose of developing high performance cooling sys-

tems. Most existing experimental studies on mini-channel flow boiling have been

performance-oriented, focussing on the overall cooling capacity of the fluid (i.e. the

space and time-averaged heat flux by bubbles and liquid slugs), which is typically

summarized by the heat transfer coefficient and critical heat flux. Although this

approach is satisfactory for engineering purposes, fundamental understanding of the

boiling process requires more detailed study of the spatial and temporal dependen-

cies of the heat flux in relation to the position and geometry of the boiling bubbles.

In our study the focus lies on heat transfer from the wall of a mini-channel to-

wards an individual elongated vapour bubble. Experiments were performed in a

rectangular mini-channel of dimensions 80 × 3 × 0.5 mm3. In the experiment the

bubble size history was carefully measured using high speed imaging, for several

fluids and several wall temperatures. Because the bubble grows by evaporation, its

size history provides a direct measure for the overall heat flux entering the bubble.

In conjunction numerical simulations were carried out for a square mini-channel of

1× 0.2× 0.2 mm3. The simulations provide further details on the spatial and tem-

poral variations of the heat flux. Experiments indicate an exponential dependence

of the bubble length with time. The rate of bubble growth is found to depend on

the fluid properties and on the wall superheat. Numerical simulations show that a

growing bubble confined in a channel attains an elongated shape, forming a thin liq-

uid film between the bubble and the wall. The bubble grows by vaporization of this

liquid film and by vaporization at the bubble nose and rear parts in the superheated

liquid layer close to the wall. In the liquid film region local Nusselt numbers around



1.6 are found, indicating that heat transfer in this region is near to that of pure

conduction. Based on the insights gained from the simulations an analytical model

was devised, to explain the experimentally observed bubble growth trends. Varia-

tions in the liquid properties were well captured by the model. Variations of the

wall superheat showed limited agreement with experiments, which is mainly caused

by uncertainties in the space and time-averaged thermal conductance between the

bubble and the wall. In the experiments dryout was systematically observed close

to the lateral edges of the channel wall near the rear part of the bubble. The mea-

sured location and extent of dryout showed qualitative agreement with numerical

simulations from literature.
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CHAPTER 1

Introduction

In this thesis sessile droplet evaporation in an approaching gas flow and boiling

bubble growth in a mini-channel are studied. Although both these processes have

been practically applied for a few decades, e.g. in two-phase cooling systems, several

aspects of the physics involved are not fully understood, which justifies further study.

Experimental test setups were designed and constructed and measurements have

been performed. In conjunction numerical simulations were carried out∗, mimicking

the experimental conditions as much as possible. In both topics experiments gave

insight in the overall dynamics of the process, while numerical simulations provided

further details into the micro-scale mechanisms.

1.1 Motivation

The first topic of this thesis is the coupling between mass, energy and momentum

transport in and around evaporating droplets on a plate in an approaching gas

flow. Mass and energy transport are coupled through evaporative cooling [1]. The

presence of the approaching gas flow leads to asymmetry in the concentration and

temperature fields, as mass and energy transport are most intense at the upwind side

of the drop. In addition the approaching gas flow exchanges momentum with the

droplet, resulting in internal circulation flows inside the drop [2]. In earlier work the

effects of evaporative cooling have primarily been studied for droplets evaporating

by diffusion in a stagnant gas (e.g. [3, 4, 5, 6]). In this thesis we extend this

research towards drops placed in an approaching gas flow. Asymmetry in the heat

and mass transfer rates around a hemisphere have been studied in the past, e.g.

∗With special thanks to Christian Diddens and Adnan Rajkotwala for providing the

simulation results on droplets and boiling bubbles, respectively.

1



2 Introduction

through naphthalene sublimation experiments [7, 8, 9]. But often the test subject

has been a solid object, rather than a liquid drop. Because a liquid droplet allows

for internal flows, this does not necessarily result in the same transport rates. In

particular, internal flows may have a pronounced impact on the heat transport from

the plate surface towards the interface. For a solid object this transport occurs by

heat diffusion only, while for liquid droplets also convection by internal roll cells

inside the drop can take place. Therefore, in this context, an extension is made

from heat and mass transfer around solid objects towards heat and mass transfer in

and around liquid droplets, accounting for the role of internal flows on internal heat

and mass transport.

To improve our understanding of the dynamics of evaporating droplets from a

plate in an approaching gas flow, several experimental and numerical tools will be

employed. Firstly the shape and volume of an evaporating droplet are measured in

time, which provides global information on the overall mass transfer rate across the

interface. Secondly the temperature field at the gas-liquid interface of the droplet is

measured at high spatial resolution using an infra-red microscope. The temperature

field at the gas liquid interface is expected to be affected by internal flows inside

the droplet. Therefore also the flow field in the droplet is measured using a particle

tracking technique. Together these experimental techniques provide us with three

key quantities regarding the evaporation process, namely a) the average mass flux

across the interface, b) the temperature field at the interface and c) the internal

flow field inside the drop. In addition to experiments numerical simulations are

performed on a 2D Cartesian grid, using similar conditions as in the experiment. The

simulations allow for computation of the same three quantities as derived from the

experiment (a-c). Furthermore the simulations provide details on the local mass flux

distribution around the drop, which is more challenging to obtain experimentally.

Together the measurements and simulations improve our insight in the interplay

between heat and mass transfer, fluid flow and wetting dynamics of sessile droplets

evaporating in an approaching gas flow.

The second topic of this thesis is the growth dynamics of boiling bubbles in a

mini-channel. This process has many potential applications in industry, due to the

possibility of boiling to transport high heat fluxes over a low temperature difference.

In the past decades there has been increasing attention on miniaturization of flow

boiling systems. Possible applications are cooling of micro- and power electronics

and other processes where high cooling performance is limited by space and weight

constraints [10, 11]. Although flow boiling in mini-channels has been studied for
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more than two decades, the understanding of its physical nature is still not complete

[12]. This is mainly due to the complex coupling of mass, momentum and energy

transport that occurs between different phases.

Most existing experimental studies on mini-channel boiling (e.g. [13, 14]) have

been performance-oriented, focussing on the overall cooling capacity of the fluid (i.e.

the space and time-averaged heat flux by bubbles and liquid slugs). The thermal

performance is typically summarized by the heat transfer coefficient and the crit-

ical heat flux [15]. The latter approach gives good insight in the overall cooling

performance of the channel, but does not consider heat transfer towards individ-

ual bubbles. This leaves the individual contribution of various sub-mechanisms of

boiling unclear [12] (e.g. single phase convection, nucleation, two phase flow, film

vaporization and dryout). In order to improve our understanding of the boiling pro-

cess more detailed study is required of the spatial and temporal dependencies of the

heat flux in relation to the bubble position and geometry. In our study the focus lies

on heat transfer from the mini-channel wall towards the vapour-liquid interface of

an individual elongated boiling bubble. Previous research has indicated that in this

case heat transfer mainly takes place by heat conduction over the thin liquid film

squeezed between the bubble and the wall [16, 17]. Unfortunately the heat trans-

fer resistance between the bubble and the wall was not measured in most previous

experimental studies, where the overall (time and space averaged) heat transfer re-

sistance of the entire fluid (multiple bubbles plus liquid slugs) was typically the focal

point. In our experiment the instantaneous volume increase of an individual bubble

is carefully measured over time. The volume increase of the bubble is a direct mea-

sure for the average heat flux through the bubble interface. The experiment thus

provides us with ’global’ information, revealing the average heat flux over the bub-

ble interface. To help further explain these results, ’local’ information on the liquid

film topology and heat flux is provided by 3D numerical simulations. The channel

dimensions in the simulation are smaller than in the experiment due to computer

memory limitations, which prevents a direct comparison between the two. To facili-

tate interpretation of the experimentally observed bubble size histories an analytical

model for the bubble size evolution was devised, based on insights gained from the

numerical simulations. In the final section of the work this model is compared with

the measurements and their agreement is discussed. Together the experimental and

numerical results improve our insight in the heat transfer mechanisms of boiling

bubble growth in mini-channels.
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1.2 Thesis outline

In Chapter 2 first an introduction on droplet evaporation is given in Section 2.1

by explaining the state of the art and providing details of the research approach.

In Section 2.2 relevant theory is discussed. Section 2.3 explains the experimental

and numerical methods used. In Sections 2.4 experimental results are presented on

the droplet shape and temperature evolution during its evaporation. Using ther-

mographic imaging the temperature field at the droplet interface is determined, in

relation to the magnitude of the approaching gas flow and the nature of the plate

material on which the droplet rests. In Section 2.5 numerical results are presented,

providing details on the perimetral evaporation flux at the droplet interface and on

internal circulation flows inside the droplet. A comparison and further analysis of

the experimental and numerical results is presented in the Discussion (Section 2.6).

Here mass and heat transfer aspects as well as the dynamics of internal flows are

discussed. The chapter closes with an overall conclusion in Section 2.7.

In Chapter 3 first an introduction on the topic of subcooled flow boiling in a

mini-channel is given in Section 3.1. Here a state of the art is given and context is

provided of our research approach in relation to existing literature. In Section 3.2

the experimental test rig and the measurement rationale are discussed. In Section

3.3 the experimental results are presented, after which the numerical results are

discussed in Section 3.4. An analysis of the results follows in Section 3.5, where the

measured bubble growth rate is interpreted with an analytical model, inspired by

the numerical simulations. The main findings of this chapter are provided in Section

3.6.

An overall conclusion of the thesis can be found in Chapter 4. Here the main

research results will be examined once more and recommendations for future research

will be given.



CHAPTER 2

Evaporation of sessile droplets in an approaching

gas flow

Abstract

As compared to sessile droplet evaporation in a stagnant gas, which is a well studied

topic, evaporation in an approaching gas flow introduces loss of symmetry in the

flow, temperature and concentration fields in and around the drop. This renders the

process into one for which predictive capacity and detailed experimental data are

lacking. In this chapter experiments are presented on the evaporation of millimetre-

sized water droplets on a plate in an approaching gas flow. The droplet mass and

interface temperature histories were recorded together with the internal flow field

in the drop, for several gas velocities and plate materials. In addition 2D numerical

simulations were performed, which provide insight in the governing mechanisms.

The results show that mass transfer is most intense at the upwind side of the droplet,

close to the three phase contact line. Inside the droplet a single internal roll cell

was observed, moving along with the dragging gas. This roll cell is driven by shear

stress induced by the approaching gas flow and not by thermo-capillarity, which is

suppressed by the presence of surface-active contaminants on the interface. Inside

the droplet the convection roll conveys warm liquid from the base of the plate

towards the upwind side of the interface, effectively promoting internal heat transfer.

The thermal properties of the plate on which the droplet rests were found to have a

prominent role, since the plate acts as a ‘fin’ for heat transfer between the gas flow

and the drop.

5
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2.1 Introduction

This chapter is about the evaporation of a droplet resting on a solid plate. In

everyday life this phenomenon is encountered more frequently than meets the eye.

The defogging of a car window and the drying cycle of a domestic dishwasher are

examples which ultimately involve the evaporation of small droplets from a surface.

But droplet evaporation from a solid surface is also important in numerous industrial

applications, such as inkjet printing, demisting operations, aerosol painting and

agricultural spraying [18, 19, 20]. In industrial inkjet printing for example, one

generally aims to obtain high production volumes without compromising the print

quality. To achieve this goal, knowledge on the evaporation time of the ink droplets

is crucial. In agricultural spraying, the general objective is to deliver a certain

pesticide to the biological target (e.g. a crop or other plant), while minimizing its

release into the environment or cause harm in humans. In this context the lifetime

of a droplet plays a role, because it determines the possible time of exposure to

the pesticide vapours from a recently sprayed field. Therefore, in most practical

applications, the evaporation rate and the time for complete evaporation of the

droplet are the quantities of interest.

There is a large volume of published studies describing the evaporation of a

droplet as an isothermal phenomenon, controlled by diffusion [21, 22, 5, 23]. By

assuming that the gas surrounding the droplet is stagnant, vapour diffusion away

from the interface into the surrounding gas governs the rate of evaporation [24]. In

this case theoretical solutions for the evaporation rate have been derived from the

governing equations [25]. However, in most practical applications the gas surround-

ing the droplet is not stagnant, but in motion under the influence of some external

force. In inkjet printing for example, the freshly printed paper on which the ink

droplet rests typically moves on a conveyor belt. Therefore the gas surrounding the

droplet is constantly refreshed. The same is true in agricultural spraying, where a

pesticide droplet is resting on a crop or leaf subject to the wind. In such cases the

vapour close to the droplet is continuously transported away from the source, and

diffusion is no longer the dominant transport mechanism as advection (i.e. transport

by bulk motion) becomes dominant. Compared to evaporation by pure diffusion,

relatively few studies have been devoted to systematic research into the role of an

approaching gas flow on the evaporation of droplets on a plate.



2.1. INTRODUCTION 7

Droplet evaporation on a plate in an approaching gas flow is more complex com-

pared to evaporation by pure diffusion, as the former case involves loss of symmetry

in the velocity, concentration and temperature fields. For this reason in this area of

research much is still left to be explored. From an experimental point of view the

problem is more challenging, as large differences in evaporation flux and tempera-

ture can be expected over the droplet interface. Such intricate details are often not

accounted for in ’global’ measurements, such as the droplet mass history. Therefore,

more detailed measurements, as employed in this work, are needed to uncover the

relevant physical phenomena at play. Also numerical simulations require substan-

tially more effort, as a axially symmetric solution (which is commonly employed for

droplets evaporating by pure diffusion) has limited predictive capacity for droplets

placed in an approaching gas flow. This requires the solution of the full 3D problem,

which is computationally expensive.

What we know about the effect of an approaching gas flow on the evaporation of

a droplet from a plate is largely based on empirical studies, that report how rapidly

a droplet evaporates into a gas stream [26, 27, 28, 29, 30]. The evaporation rate

of the droplet was found to depend on the initial droplet size and contact angle,

the bulk velocity and the turbulence intensity of the gas flow. The majority of

these studies are gravimetric of nature, meaning that only the mass evolution of

the droplet in time was determined. This is unsatisfactory, since droplet shape

histories and corresponding temperature histories are left unadressed. The shape

and temperature evolutions of the droplet are expected to play an important role in

the mass transfer rates that can be attained. This was already shown for diffusive

evaporation [21], but for evaporation under the influence of an approaching gas flow

no experimental studies were found that address temperature and shape histories

simultaneously.

In addition, it was noticed that the aforementioned studies deal with heat trans-

fer aspects in various ways. Baines and James [27] assumed the droplet temperature

to be equal to that of the solid surface. Schutyser et al. [28] presumed the drop

to attain the adiabatic saturation (i.e. wet bulb) temperature of the approaching

gas flow. In contrast Navaz et al. [29] assumed that the droplet temperature would

be equal to the bulk temperature of the approaching gas flow. Regardless which of

these assumptions is correct, this shows that direct measurement of the droplet in-

terface temperature is clearly needed to advance in this field. The work of Bin et al.

is worth mentioning [31], in which thermographic measurements were performed of

an evaporating methanol droplet. Here it was shown that the droplet temperature

is always below the ambient temperature, but higher than the adiabatic satura-
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tion temperature. From adiabatic air-water experiments it is know [2] that the

approaching gas flow exchanges momentum with the droplet, resulting in internal

circulation flows inside the drop. These internal flows can have a large impact on

heat transport in evaporating droplets, but no mention of this effect was found in

existing literature. For this reason also the internal flow field in the drop is consid-

ered in this thesis. The droplet temperature is coupled to heat transfer occurring

in the solid plate. Unfortunately in many existing experimental studies details on

the geometry and boundary conditions of the plate have been poorly documented.

This indicates that a clear connection between heat transfer processes in the droplet

and its surroundings seems to be missing. For droplets evaporating in a stagnant

gas it is known [1] that a strong coupling exists between the evaporation rate and

the thermal properties of the plate. An assessment of thermal effects for convective

evaporation was presented by Doursat et al. [26]. Based on dimensional analysis

the drying time of the droplet could be expressed as a function of 11 dimensionless

numbers, which involve geometrical and material properties of the liquid droplet

and solid surface in addition to the governing atmospheric conditions. This shows

that any experiments involving droplet evaporation on a plate require careful con-

sideration of the thermal properties and boundary conditions of the system (plate,

gas domain and droplet).

This work aims to study the effect of an approaching gas flow on the evaporation

of a droplet on a plate, by simultaneous measurement of the droplet shape and

interface temperature histories together with the internal flow field in the drop close

to the gas-liquid interface. These experiments will be performed under controlled

conditions, featuring clearly defined plate properties and boundary conditions. In

addition 2D numerical simulations will be performed, which provide insight in the

governing mechanisms. The results will improve our insight and predictive power

in numerous practical applications for which convective evaporation of drops plays

a role. Besides that, the work may serve as a basis for further experimental and

numerical developments.

This chapter is structured as follows. In Section 2.2 relevant theory is discussed.

Section 2.3 explains the experimental and numerical methods used. In Sections

2.4 and 2.5 the experimental and numerical results are presented, respectively. A

comparison between and analysis of the experimental and numerical results are

presented in the Discussion (Section 2.6). The work closes with a conclusion in

Section 2.7. Some aspects which were considered too detailed for the main text

have been attached as appendices.
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2.2 Theory

The evaporation of a droplet from a plate by an approaching gas flow is a 3D

phenomenon, involving asymmetric velocity, temperature and concentration fields

and conjugate heat transfer effects between droplet and plate.

For flow around cylinders an abundance of information on its flow characteris-

tics is available. Since some of these characteristics translate also to the flow field

around a droplet on a plate, it is instructive to consider this case first. The flow

field around a cylinder is dictated by the local Reynolds number, taking its diameter

as characteristic length scale. In our experiments laminar flow prevails, with local

Reynolds numbers ranging from 1-200 (with the droplet diameter as characteristic

length-scale and the free-stream velocity at the droplet top as characteristic veloc-

ity). For this range of Re, four distinct regimes can be identified [32], namely a)

unseparated flow (Re < 5), b) formation of a fixed pair of vortices (5 <Re< 40), c)

laminar vortices which shed periodically (40 <Re< 150) and lastly d) the transition

to turbulence in the vortex (150 <Re< 300), as shown in Fig. 2.1a. The local

heat and mass transfer rates at the perimeter of such a cylinder depend strongly on

the prevailing flow pattern [8]. In particular the onset of turbulence in the vortex

(Re> 150) results in a pronounced increase in the transfer rates, both at the upwind

and downwind sides of the object (see Fig. 2.1b).

A droplet on a plate bears resemblance to a wall mounted hemisphere, for which

several experimental and numerical studies exist [33, 34, 35] that describe the flow

field. Unfortunately all of these studied involve turbulent boundary layers, which

have Reynolds numbers far beyond those considered in this work (factor 10 higher).

Zhang et al. [9] performed PIV measurements of flow over wall-mounted droplet-

inspired shapes for Re=2070. The results show that upstream of the droplet the flow

separates from the substrate and rolls up to form a horseshoe vortex system neck-

lacing around the drop. Along the droplet surface, flow separates at the maximum

height location and reattaches to the substrate downstream, forming a recirculating

region. Periodic shedding of arch-shaped structures is observed in the near wake due

to the amplification of instabilities in the separated shear layer. Similar dynamics

were found by Savory and Toy [36] for Re=1600, who provided an instructive 3d

sketch of the vorticity distribution around the object (see Fig. 2.2).
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(a) Flow patterns around a cylinder (b) Local heat transfer rate

Figure 2.1: Left: Overview of four different flow patterns around a cylinder, for

Reynolds numbers between 1-300. Reprinted from Blevins [32]. Right: Local Nus-

selt number variation on the surface of a cylinder for different Reynolds numbers.

Courtesy of Chen et al. [8].

Figure 2.2: Distribution of vorticity for flow around a hemisphere, for Re = 1600. 1)

horseshoe vorticity, 2) stagnation point, 3) generation of vorticity, 4) seperation line,

5) dividing streamline, 6) shear layer vorticity, 7) vortex loops, 8) trailing vortices, 9)

boundary layer vorticity, S=separation, R = reattachment. Reprinted from Savory

et al. [36].
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Besides information on the flow field, our knowledge on the evaporation of

droplets from a plate mostly stems from mass transfer studies, which describe the

overall evaporation rate over the droplet perimeter [26, 27, 28, 29, 30]. The evapo-

ration rate of a droplet ṁ in an approaching gas flow can be written as

ṁ = 2πRD(CS − C∞)Sh (2.1)

with R and D being the droplet radius and vapour diffusivity, CS the saturation

concentration of vapour at the interface and C∞ the concentration in the approach-

ing gas flow expressed in kg vapour per m3 of mixture. The effect of convection is

accounted for by the Sherwood number Sh, which depends on the Reynolds number

of the approaching gas flow and on the droplet contact angle (assuming spherical

cap geometry) with Sh being equal to unity for evaporation of a hemispherical drop

by pure diffusion.

γ R
π - θ 

Cs(T)

C∞   

T∞

Figure 2.3: Schematic overview of an evaporating droplet on a plate in a simple

shear flow. The droplet has a base radius R, contact angle θ and uniform interface

temperature T . The saturation concentration at the interface corresponds to its

temperature CS(T ). The approaching gas flow has a linear velocity profile with

shear rate γ, a temperature T∞ and a vapour concentration C∞.

Assume that the approaching gas flow is laminar, with a free-stream velocity

u∞. As the flow approaches the plate surface a boundary layer of thickness δ will

form, which is dependent on coordinate in the direction of the flow. If the droplet

radius R is small relative to δ at the position of the droplet, then the gas velocity

profile close to the drop is that of a simple shear flow, with a shear rate γ ≡ du/dy

(see Fig. 2.3). For this simplified case analytical solutions for the mass transfer rate

can be derived from the governing equations. The magnitude of the approaching gas
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flow can be expressed in terms of a mass transfer Péclet number Pe, which signifies

the advective transport rate relative to pure diffusion. The characteristic velocity

close to the droplet is uc = γR, assuming that the droplet resembles a hemisphere.

By taking the droplet diameter as the characteristic lengthscale, the Péclet number

for this case can be written as

Pe ≡ ucLc
D =

4γR2

D (2.2)

Notice that Pe = Re · Sc, and hence the corresponding Reynolds number is easily

computed from a given Péclet number if the Schmidt number Sc is known.

It is presumed that the convective transport rate depends on the applied gas

velocity and on the droplet shape, i.e. Sh = Sh(Pe, θ). Once a functional relation

between these variables is known, convective mass transfer rates can be predicted

based on Eqn. 2.1. For the case of evaporation by pure diffusion (Pe=0), Sherwood

relations of the form Sh = Sh(θ) were determined for the first time by Picknett &

Bexon in 1977 [21]. The results were later curve-fitted and cast into a more man-

ageable correlation by Hu & Larson (2002) [22]. Later, this work was extended by

Popov [25], who derived exact analytical expressions for diffusion-based evaporation

of droplets with an arbitrary contact angle. For convective mass transfer, the work

of Baines & James (1994) [27] is noteworthy, in which an approximate analytical

solution based on boundary layer theory was derived for flat droplets (i.e. θ → 0

and Sh = Sh(Pe)). A detailed derivation is attached in Appendix A. By adding

the solutions for the case of pure diffusion (based on Hu & Larson) and convection

(based on Baines et al.), one obtains a mass transfer relation that is valid both for

diffusive and convective evaporation, as:

Sh(Pe, θ) = 1
2(1.3 + 0.27θ2) + 0.21Pe1/3 (2.3)

This equation is valuable as it provides an estimate of the mass transfer rate based

on first principles for flat droplets in a gas flow of low Péclet numbers (Pe <1).

Notice that until now only mass transfer aspects were discussed. In reality also

heat transfer plays an important role, because evaporation is an endothermic pro-

cess and the saturation concentration CS decreases with decreasing temperature.

Cooling of the droplet reduces the driving force for evaporation, which makes the

amount of heat that can be supplied towards the interface a limiting factor. For

droplet evaporation into a stagnant gas thermal effects have been studied quite ex-

tensively [5, 23, 24, 1, 4]. The degree of cooling the droplet attains was found to

depend on the liquid physical properties (most noticeably the saturation vapour con-

centration and enthalpy of evaporation), the droplet shape and size, the substrate
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thermal conductivity and geometry and the governing atmospheric conditions (am-

bient temperature and vapour concentration). For water around room temperature

a temperature decrease of 10◦C makes the saturation concentration at the interface

decrease by a factor of 2. This makes that even several degrees of cooling can have

a pronounced impact on the evaporation rates which can be obtained. Cooling of

the droplet typically results in stronger evaporation close to the three-phase con-

tact line, as this part of the interface is the warmest [24]. In addition, temperature

gradients over the interface can drive Marangoni flows, which promote mixing in

the droplet [22]. A first approximation of the mean interface temperature of an

evaporating droplet was given by David et al. [1] using a global energy balance.

By presuming that the plate on which droplet rests is isothermal and equal to the

ambient temperature in the gas, only conduction in the drop from the plate surface

towards the interface is limiting, resulting in

T = T∞ −
LDCS
λL

(2.4)

where L is the enthalpy of evaporation, D is the diffusion coefficient and λL is the

thermal conductivity of the drop. In reality heat and mass transport are coupled,

and no single expression for the droplet temperature can be devised without simul-

taneously accounting for its evaporation rate. This was recognized by Sefiane et

al. [4], who provided an expression similar to Eqn. 2.1, corrected for heat transfer

effects. The derived expression, although approximative in nature, showed good

agreement with measurements. Unfortunately the analysis of Sefiane et al. is lim-

ited to evaporation by pure diffusion, as convective effects were not accounted for.

In this work an extension of their analysis is made, accounting for the contribution

of the approaching gas flow (see Section 2.6.2). Together with Eqns. 2.1 and 2.3 this

provides a theoretical prediction of the droplet evaporation rate including thermal

effects, which will be compared to the experimental results at a later stage.

An important aspect in heat transfer is the thermal coupling between the droplet

and the plate. Consider a droplet of massmL which is placed on and left to evaporate

from a plate of mass mP and heat capacity CpP . The initial plate temperature is

T0 and the droplet temperature during evaporation is constant and equal to T .

The embodied energy initially stored in the plate is then roughly equal to QP ≈
mPCpP (T0 − T ), while the energy required to completely evaporate the droplet is

QD = mDL, with L being the enthalpy of evaporation. For the case that QP � QD,

the energy required to evaporate the droplet is predominantly obtained by cooling

the plate. In this case the thermal boundary conditions governing the plate are
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not very important, as most of the required heat comes from within the system

boundaries. Instead, for the case that QP � QD the energy embodied in the

plate is insufficient, and the majority of the heat required to evaporate the droplet

must be supplied from outside the system (droplet and plate). Now the thermal

boundary conditions at the system perimeter become of utmost importance. In

some experimental studies (e.g. [27, 4]) this aspect does not seem to have been

noticed, as little mention was made of the thermal boundary conditions governing

the plate. The experiments described in this work involve a plate of which the

non-wetted sides are thermally insulated, while the wetted side forms a convective

boundary with the flowing gas, as will be explained further in the Materials section.

In our situation the embodied energy in the plate, QP is less than 10 % of QD and

most of the energy required to evaporate the drop has to come from exchange of

heat between the approaching gas flow and the system (droplet and plate). Now

the plate acts as a ’fin’, conveying energy from the flowing gas towards the drop

interface. In the Discussion (Section 2.6.2) the role of the plate in heat transfer will

be elaborated upon further.
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2.3 Materials and Methods

2.3.1 Test section

In the experiment a small droplet is carefully placed on a surface inside a wind

tunnel (see Figure 2.4). The wind tunnel consist of a long rectangular duct fitted

with a honeycomb-type flow straightener, which ensures a fully developed velocity

profile at the position of the droplet. In the design of the wind tunnel, great care

was taken not to introduce obstructions or sharp edges which could disturb the flow

close to the droplet. All experiments are performed under laminar flow conditions.

The gas velocity inside the wind tunnel was controlled by a mass flow controller, fed

from a compressed nitrogen tank. The humidity and temperature of the incoming

gas were monitored using a humidity sensor and a resistance thermometer, with

accuracies of 2 % RH and 0.5 K respectively. The nitrogen gas used in this study

was completely dry (< 2 % humidity) and the experiments were performed at room

temperature (21 ± 2 ◦C). Temperature differences which occurred by day-to-day

weather variations are accounted for in the results by correcting for the saturation

concentration at the ambient temperature CS(T∞).

Solid surface

Gas 

cylinder

(N2) Mass flow 

controller

Measurement 

section

Flow development 

section
Diffusor

Flow 

straightener

Data aquisition

Camera

Humidity 
sensor

Temperature 
sensor

Flow
Droplet

Figure 2.4: Experimental setup used to determine the evaporation rate of a droplet

under a highly controlled convective gas flow.
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The plate on which the droplet rests is a replaceable part which is mounted flush

into the bottom of the wind tunnel. The plate bottom is thermally insulated from

the ambient by a layer of stagnant air and the contact points between the plate

and the wind tunnel were minimized to avoid thermal contact. The substrate is

composed of a smooth aluminium of 3 mm thickness and has a width of 35 mm.

The aluminium surface was carefully cleaned before each experiment and treated

with a hydrophobic coating of ≈ 50µm (Chemona Multicoat), to obtain the desired

wetting properties. Because of surface roughness, evaporation of a droplet on an

aluminium surface naturally occurs by a sliding mode, in which the radius of the

droplet decreases stepwise in time due to temporal pinning of the contact line. In

some cases (evaporation in constant contact radius mode) this is undesired, because

the precise shape of the droplet at any point in time is not controlled. Therefore,

in order to control the evaporation mode of the drops, a small sharp-edged circular

ridge was machined in each of the surfaces (1 mm radius, 0.1 mm depth). If a

droplet is placed on such a circular ridge, pinning of the contact line on the edges of

the circular ridge occurs, with results in droplets evaporating under constant radius.

This evaporation mode is favourable over the stick-slip mode, because now the shape

of the droplets is clearly defined and more reproducible, which makes it easier to do

repetitive testing.

2.3.2 Droplet shape measurement

During each experiment side-view images of the droplet were taken at 10 second

intervals using a digital camera fitted with a telecentric macro lens. Illumination

was provided by a near-telecentric halogen backlight. The shape of the droplet was

extracted from the images using an open source image processing routine, provided

by Andersen et al. [37]. The routine was slightly modified to fit the purposes of this

study. The accuracy of the imaging procedure was determined by measuring the

size and shape of a glass mock-up droplet of known dimensions. Each experiment

was repeated at least 3 times. The standard deviation of R, θ and m are typically

13 µm, 1◦ and 2 % respectively.

2.3.3 Droplet temperature measurement

During each experiment top-view thermographic images of the droplet were taken

at 10 second intervals using an infrared camera (FLIR A6750) with a 1x microscope.

The focal point of the camera was set at the droplet base, which allowed imaging of

the droplet interface temperature as well as the surrounding plate. The droplet was
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observed through a quartz window fitted into the wind tunnel wall. The spectral

range of the sensor was 7.5-10.5 µm. The camera has 640×512 pixels and the

maximum spatial and temporal resolution is 15 µm and 8 ms respectively. The

thermal resolution of the camera is 18 mK∗. Although relative temperatures can

be measured with mK-accuracy, measurement of absolute temperatures is more

challenging and requires careful calibration.

Calibration procedure

The camera was provided with a certified calibration by the manufacturer. To verify

the validity of this calibration infrared images of a thermocouple were taken, with

the thermocouple being coated with a thin layer of matt-black paint. This resulted in

two independent measurements; the temperature of the thermocouple TTC (using

a volt meter) and the temperature of that same thermocouple with the infrared

camera (TIR). Ideally the two measurements should be identical, but it was found

that TIR was consistently ≈ 2 K below TTC . The reason for this difference is the

presence of the quartz viewing window, which absorbs part of the thermal radiation

from the droplet towards the camera detector. Therefore a correction on TIR was

applied such that the temperature measured by infrared would be identical to the

temperature measured using the thermocouple. This resulted in an absolute infrared

temperature measurement, using a correction based on thermocouple measurements.

The accuracy of the infrared measurement depends on uncertainty in the following

factors:

(a) the thermocouple temperature measurement TTC ;

(b) the emissivity of the reference thermocouple ε;

(c) the reflected temperature of the environment TR.

Neglecting correlations between these variables the standard deviation in the in-

frared measurement can be expressed as

σTIR
≈

√(
∂TIR
∂TTC

)2

σ2
TTC

+

(
∂TIR
∂ε

)2

σ2
ε +

(
∂TIR
∂TR

)2

σ2
TR

(2.5)

By estimating the standard deviations and partial derivatives in Eqn. 2.5 the accu-

racy of the infrared measurement can be determined. The thermocouple reference

∗This is the ’Noise Equivalent Temperature Difference’ or NETD.
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ε = 0.92 ε = 0.96 ε = 1.00

TR = 20.7 ◦C 19.9 20.0 20.0

TR = 22.7 ◦C 19.7 19.9 20.0

TR = 24.7 ◦C 19.5 19.8 20.0

Table 2.1: Surface temperature of a reference thermocouple obtained by thermo-

graphic imaging. The temperature returned by the camera changes depending on

uncertainties in the emissivity and reflected temperature, which are ± 0.04 and ±
2 K respectively.

measurement has an accuracy of ± 0.1 K. The emissivity of the reference thermo-

couple has an uncertainty of 0.04 (ε = 0.96± 0.04.). The reflected temperature has

an uncertainly of 2 K (TR = 22.7 ± 2 ◦C). The partial derivatives in Eqn. 2.5

were determined using a virtual experiment, where an existing infrared image of

the thermocouple was post-processed by the camera software package (FLIR Re-

searchIR MAX). By providing the software with different input values for ε and TR,

the program returns different values of the infrared temperature (see Table 2.1).

As can be seen an increase in ε leads to a higher apparent temperature, while an

increase in the reflected temperature TR leads to a lower apparent temperature. Us-

ing the tabulated data the partial derivatives were estimated†. Having determined

all parameters in Eqn. 2.5, the standard deviation in the infrared temperature

measurement σTIR
was estimated to be ± 0.24 K.

Reflections

The droplet is not an ideal black body (ε ≈ 0.96), meaning that some of the incident

radiation the camera detector receives from the droplet originates from another

source. Most of the incident radiation the droplet receives originates from the walls

of the wind tunnel, which are at a similar temperature as the droplet. But the

apex of the droplet is perpendicular to the infrared camera. The camera features

a cooled detector, maintained at a temperature of ≈ 80 K. Therefore, the reflected

temperature perceived by the droplet apex is lower than the reflected temperature

perceived by the rest of the droplet interface. The result of this is that the percieved

temperature of the droplet features a ’cold spot’ at the apex, which is considered

an imaging artefact. In Appendix B this is discussed in more detail. The perceived

’cold spot’ on the droplet apex is dealt with by the following correction. In the

† ∂TIR

∂ε
≈ (19.9−19.7)/(0.96−0.92) = 5 and ∂TIR

∂TR
≈ (19.8−19.9)/(24.7−22.7) = −0.05
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analysis of the images the temperature in the central 20 % of the droplet was found

by cubic spline extrapolation assuming that dT/dr = 0 in the center of the drop

(see the red curve in Fig. 2.5).
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Figure 2.5: Radial temperature profile of an evaporating droplet (black squares),

featuring a reflection error at the droplet center. A corrected center temperature is

found by interpolation of the outer 80 % of the droplet using dT/dr = 0 at the apex,

which results in the red curve. The inserted image shows the temperature profile of

that same droplet.

2.3.4 Numerical method

To investigate the influence of forced convection in the gas phase on the evaporation

rate, evaporative cooling and the flow inside the droplet also numerical simulations

have been performed‡. The simulation method belongs to the class of sharp inter-

face arbitrary Lagrangian-Eulerian (ALE) finite element methods (FEM). In this

method, the droplet and the gas domain are discretized by a mesh that conforms

with the droplet-gas interface. Since the droplet shrinks due to evaporation, the

alignment with the droplet-gas interface is ensured by co-moving all mesh nodes

with the moving interface. Since the mesh elements, in particular close to the inter-

face and the contact line, can become deformed and hence close to degenerate, the

mesh is reconstructed once the element quality falls below a predefined threshold,

‡With special thanks to Christian Diddens for performing the simulations.
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with a subsequent interpolation of all continuous fields from the previous to the new

mesh.

The method used is based on the finite element approach described in [38], but

with additional consideration of convective vapour transport, local variations of the

mass density due to thermal or compositional effects, Stefan flow, arbitrary (i.e. not

necessarily spherical cap shaped) interfaces and gravity. The numerical method is

implemented on the basis of the open-source finite element package oomph-lib [39].

The same code as used here has been successfully applied to simulate evaporating

droplets consisting of liquid mixtures [40, 41, 42, 38, 43, 44], Leidenfrost droplets

hovering on a liquid pool [45] and the Marangoni-induced jumping of an oil droplet

submerged in a stratified ethanol-water mixture [46].

Within the method, all equations are solved simultaneously with Newton’s method

in a monolithic solver using a direct method to invert the Jacobian. The usage of a

direct solver is a consequence of the fact that it is hard to find a preconditioner for

iterative methods that take all the governing equations into account. Unfortunately,

due to memory limitations of a direct solver (i.e. for storing the inverse Jacobian),

it is not feasible to consider the full three-dimensional problem. Therefore, only a

2D problem in Cartesian coordinates (x, y) is considered in the following.

For the isothermal case, i.e. with disregard of thermal effects, one needs to

solve the convective and diffusive vapour transport in the gas phase, the flow in the

droplet and the evaporation rate at the interface. Hence, in both the liquid and the

gas domain, the Navier-Stokes equations

ρ (∂tu + u · ∇u) = −∇p+∇ ·
(
µ
(
∇u + (∇u)T

))
− ρgey , (2.6)

∂tρ+∇ · (ρu) = 0 (2.7)

are solved, with ey pointing in the vertical direction (see Fig. 2.6). These equations

are discretized by triangular Taylor-Hood elements, i.e. having quadratical shape

functions for the velocity field u and linear shape functions for the pressure field

p. The mass density ρ and the dynamic viscosity µ are in general not constant,

but depend on the vapour concentration in the gas phase and on the temperature

in both phases. At the droplet-gas interface, the fluid fields of both meshes are

connected via Lagrange multipliers that enforce the kinematic boundary condition

considering the mass transfer due to evaporation [47], i.e.

ρL (uL − uI) · n = ρG (uG − uI) · n = j , (2.8)

uL · t = uG · t (2.9)
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Here, ρL and ρG are the mass densities of the liquid and the gas phase (i.e, respec-

tively, whereas uL and uG are the corresponding bulk velocities at the interface with

the normal n pointing from the droplet into the gas phase. The local mass density

of the gas phase ρG depends on the water vapour concentration, as will be explained

later. The term j on the rhs of (2.8) is the local evaporation rate of the liquid (in

kg/m2/s), i.e. the evaporative mass transfer is associated with a relative normal

fluid motion with respect to the interface velocity uI. Since the mass densities in

both phases are different, the normal fluid velocity is subject to a jump at the inter-

face, whereas the tangential velocity is assumed to be continuous by virtue of (2.9).

Obviously, at a pinned contact line, uI is zero, so that (2.8) is incompatible with

a no-slip boundary condition at the substrate. Therefore a Navier-slip boundary

condition is considered at the gas-substrate and droplet-substrate interfaces with a

small slip length in the order of nanometers. At the exterior open gas boundaries far

away from the droplet (about 15 times the droplet size), a shear flow corresponding

to the considered Péclet number is imposed in x-direction, whereas the y-direction

remains open in order to allow for the outflow of the excessive volume generated

by the phase change of liquid into vapour (see Fig. 2.6). This is done by a normal

stress boundary condition −p+µ(∇u + (∇u)T ) ·ey = 0. Furthermore, the interface

is associated with the dynamic boundary condition[
−p+ n ·

(
µ
(
∇u + (∇u)T

))
· n
]

I
= σκ , (2.10)[

n ·
(
µ
(
∇u + (∇u)T

))
· t
]

I
= ∇Iσ · t , (2.11)

where [. . .]I is the jump operator at the interface (defined from liquid-to-gas), σ is the

surface tension coefficient and κ is the interface curvature, i.e. (2.10) considers the

Laplace pressure in normal direction, whereas (2.11) accounts for the tangentially

acting Marangoni effect in presence of a surface tension gradient, with ∇I being the

surface gradient operator.

In order to obtain the evaporation rate j, one has to consider the distribution

of vapour in the gas phase. To that end, the convection-diffusion equation for the

water vapour mass concentration C (kg/m3 of mixture) is solved in the gas phase.

But because the mass density of the gas phase ρG depends on the vapour mass

concentration§, it is more convenient to write the expressions in terms of the water

vapour mass fraction w = C/ρG (kg/kg mixture), which gives

ρG (∂tw + uG · ∇w) = ∇ · (ρGD∇w) . (2.12)

§The ideal gas law is used to find the mixture’s mass density, based on the mole

fractions and molar volumes of the respective components (water vapour and nitrogen).



22 CHAPTER 2. SESSILE DROP EVAPORATION IN A GAS FLOW

Here, D is the diffusivity of water vapour in nitrogen. By assuming that nitrogen

cannot be dissolved into the liquid, one can derive the evaporation rate by con-

sidering the mass flux balance in the frame co-moving with the interface velocity

uI:

j =
−ρGD∇w

1− w
. (2.13)

Note that the denominator is a consequence of considering the convective vapour

transport, i.e. the contribution of the Stefan flow. As boundary conditions for

the vapour field, C = 0 (i.e. pure nitrogen) is imposed far away from the droplet

and saturated vapour is imposed at the droplet-gas interface. As a consequence,

in particular for a vanishing Péclet number, the considered gas domain size has an

impact on the evaporation rate, which unfortunately cannot be circumvented in a

2D-Cartesian setting. It was considered to resolve this issue by applying a convective

boundary condition on the r.h.s. of the domain, but this would lead to asymmetry

in the vapour concentration field, particularly for lower Péclet numbers. For this

reason a uniform boundary concentration equal to C = 0 was adopted in favor of

convective boundary conditions.

When the enthalpy of evaporation is considered, one furthermore has to incor-

porate a temperature equation

ρcp (∂tT + u · ∇T ) = ∇ · (λ∇T ) . (2.14)

The mass density ρ, the specific heat capacity cp and the thermal conductivity

λ are different in all domains, where here in particular also the substrate has to

be considered as well. The temperature T is enforced to be continuous at the

domain interfaces, ambient temperature is imposed at all exterior interfaces except

the bottom, which is considered adiabatic. The latent heat of evaporation L is

incorporated at the droplet-gas interface via

[λ∇T · n]I = Lj . (2.15)

Note that cooling caused by the latent heat of evaporation reduces the saturated

vapour at the interface, which is realized with the aid of the Antoine equation[48]

for the saturated vapour concentration.

The boundary conditions mentioned in the text are summarized in Fig. 2.6.

Initially the droplet has a radius of 1.1 mm and a contact angle of 110◦ as was the

case in the experiments, although the latter are in 3D. Unless mentioned otherwise,

evaporation of the drop commences with a pinned contact line. The plate width was
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Figure 2.6: Boundary conditions, initial conditions and domain size used in the

numerical simulations of evaporating droplets from a plate under a shear flow (in

positive x-direction). Note that for clarity reasons the figure is not drawn to scale.

chosen 30 droplet diameters and the height of the gas domain was 15 drop diameters.

The plate thickness is 3 mm, as in the experiments. The bottom of the plate was

taken adiabatic, while its sides are maintained at constant temperature. Since the

experiments were performed using dry nitrogen, the simulations are based on a

gas approach concentration equal to zero. Initially the entire domain is set to the

ambient temperature T∞, which is 22.7 ◦C. The method uses an adaptive time step,

with output values returned every 10 seconds until full evaporation of the droplet,

which typically takes between 2000-5000 seconds to complete. Adaptive meshing

was used to conform to changes in the gas-liquid interface over time. Initially the

droplet, plate and gas domain are typically composed of 6000, 1000 & 5000 elements

respectively.
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2.4 Experimental results

In this section experimental results are presented, which have been divided into

three parts. In Section 2.4.1 the effect of a convective gas flow on the evaporation

of a droplet from a plate is examined. Next, the effect of the thermal conductivity

of the plate is discussed in Section 2.4.3. Finally the effect of the plate wetting

properties on the evaporation of the drop is presented in Section 2.4.2. Analysis of

the results follows later in the Discussion (Section 2.6).

2.4.1 Effect of convective gas flow

In this paragraph measurements are presented on the effect of a convective gas flow

on the evaporation of a droplet with a pinned contact line from a well-conductive

plate (aluminium).

Droplet mass history

In Fig. 2.7, the time history of the droplet mass is plotted for various Péclet numbers.

To establish a baseline, first droplets were allowed to evaporate in the wind tunnel

without any gas flow present (Pe = 0). This provided a clear reference case for

the evaporation dynamics in a stagnant atmosphere. Next, the same experiment

was repeated in triplo for six increasing Péclet numbers, resulting in 18 independent

measurements.

Compared to evaporation by pure diffusion (Pe = 0), the evaporation rate of the

droplet in an approaching gas flow (Péclet > 0) is found to increase significantly. As

a result, also the time required to fully evaporate the droplets is reduced (from 1470

s for Péclet = 0 compared to 450-700 s for the other experiments). In Fig. 2.8 the

initial slope of the mass-vs-time curves is plotted, which shows the evaporation rate

versus the Péclet number. For clarity, the experimental values are normalized with

the theoretical evaporation rate one would expect to occur under isothermal diffusion

(Pe=0). Now, any increase in the evaporation rate - relative to diffusion in a stagnant

gas - is easily identified. The results show that the baseline experiment agrees

reasonably well with the theoretical prediction (ṁ/ṁD = 1.11), indicating that in

this case diffusion is indeed the prevailing transport mechanism. The additional 11

% is most likely caused by free convection. Close to the gas-liquid interface the

gas temperature is typically lower than the ambient temperature which makes the

mass density of the gas close to the interface higher than the mass density of the

surrounding air. This drives a free-convective flow downwards, from the droplet
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apex to the surface of the plate[49]. Kelly-Zion et al. [49] observed (among others)

that for 1 mm radius hexane droplets ṁ/ṁD ≈ 1.4, with ṁ/ṁD increasing with

increasing droplet radius.
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Figure 2.7: Relative droplet mass versus time, for various Péclet numbers.

Notice in Figs. 2.7 & 2.8 that the biggest incremental change in the evaporation

rate is obtained when moving from a stagnant gas (Pe = 0) to the first non-zero

value of Péclet (Pe = 6). Here, the normalized evaporation rate ṁ/ṁD increases

from 1.11 to 2.08, corresponding to 87 % faster evaporation relative to the base case.

The subsequent increments in the advective transport rate (from Pe = 6 to 12, etc.)

result in a more modest increase of the evaporation rate. The experiments indicate

that the evaporation rate scales linearly with the Péclet number (for Pe > 0). The

proportionality constant seems rather small. Notice that an increase in the Péclet

number by a factor 6 (from Pe=6 → Pe=36) makes the evaporation rate increase

only by a factor 1.77 (from 2.08 to 3.69).

The evaporation rate of the drops presented here will be analysed in detail in the

Discussion (Section 2.6.1), where Sherwood numbers are computed and compared

with the theoretical prediction discussed in Section 2.2.

Droplet temperature history

In Fig. 2.9 infrared images are shown of evaporating droplets from an aluminium

surface with a pinned contact line. From left to right the evolution in time can be

seen, which is normalized with the total evaporation time. From top to bottom an
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Figure 2.8: Droplet evaporation rate for various values of the Péclet number, normal-

ized with the theoretical evaporation rate which would occur in case of isothermal

diffusion (3.09 ×10−9 kg/s).

increase in the gas approach velocity is indicated, which has non-dimensional values

of Pe = 0, 6 and 30 respectively.

For evaporation under pure diffusion (Pe = 0) the interface temperature is axially

symmetric. The temperature of the apex is initally 21 ±0.2◦C (Fig 2.9a) but it

increases in time as the droplet becomes flatter due to evaporation (Fig. 2.9 b,c,d).

At the end of the droplet lifetime (t/te = 0.93) the interface reaches almost the same

temperature as the approaching gas flow (22.7 ±0.2◦C). For evaporation under

modest convection (Pe = 6) the interface temperature is no longer symmetric. The

upwind side of the drop is slightly warmer than the downwind side (see Fig. 2.9 e).

For the highest convective gas flow (Pe = 30), it can be seen that the upwind side

of the drop is the warmest point on the interface, while the sides of the drop show

two distinct cold ’lobes’ (see Fig. 2.9 i). This suggests the presence of convective

flows inside the droplet, which will be investigated further in Section 2.6.3. At a

later stage (t/te ≥ 0.63) the temperature field becomes again axially symmetric.

The solid surface is made from anodized aluminium, which has a lower emissivity

compared to the water droplet (ε ≈ 0.77 versus 0.96 for water). Therefore its

apparent temperature as shown in the images is lower than reality. Since the camera

was calibrated using the emissivity of water, only the droplet temperature can be

directly quantified from the calibrations as indicated by the legend bar of Fig. 2.9.
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Figure 2.9: Infrared images droplets evaporating from an aluminium surface in the

CCR mode. The time t is normalized with the total evaporation time te. The

temperature of the approaching gas flow T∞ = 22.7◦ C.

In Fig. 2.10 the temperature of the droplet is shown as a function of the drop

height, for an aluminium surface. The temperature is examined at three locations,

namely the front, back and sides of the drop (relative to the approaching gas flow).

The interface temperature is expressed relative to the temperature of the approach-

ing gas flow. For evaporation by pure diffusion (Pe = 0) the temperature is axially

symmetric, and hence no clear difference is seen between the temperature of the

front, rear and side positions. Overall the droplet is 1-2 K colder than the ap-

proaching gas flow. For a small convective gas flow (Pe = 6), it can be seen that

initially the front of the drop is the warmest point on the interface, while the back

is the coldest point. As the droplet height decreases, the curves tend to overlap,

indicating that the droplet temperature returns to a axially symmetric state. For a

5-fold higher convective gas flow (Pe = 30), a large difference is seen between the

temperature at the front of the drop and those at the sides. Notice that for Pe =
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Figure 2.10: Interface temperature of an evaporating droplet from an aluminium

surface versus droplet height. The temperature is examined at three locations,

namely the front, back and sides of the drop, relative to the approaching gas flow.

The temperature is expressed relative to that of the approaching gas flow (T∞ =

22.7◦C). The droplet height was determined from simultaneously recorded side-view

images.

30 the temperature differences over the interface do not diminish so fast with drop

height, as they remain in existence even when the height of the drop has decreased

to below 0.5 mm.

The thermograpic images shown here will be analysed in detail later-on in Section

2.6.3. There Marangoni convection and shear induced by the approaching gas flow

are proposed as probable causes for the symmetry break of the interface temperature.
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2.4.2 Effect of plate wetting properties

The plate wetting properties affect the evaporation of the droplet because they in-

fluence the droplet shape over time. On a smooth and hydrophobic surface droplets

evaporate with a decreasing radius and constant contact angle, better known as

the constant contact angle mode (CCA) [23]. On rough surfaces the triple line will

locally pin to the roughness, resulting in evaporation under decreasing contact an-

gle and constant wetting radius, also known as the constant contact radius mode

(CCR). In practice intermediate behaviour was often observed, where the evaporat-

ing droplet first decreases its contact angle and then sequentially shifts to a smaller

contact radius. This evaporation mode is known as the stick-slip mode (SS). The

evaporation mode that actually occurs determines the shape of the droplet at each

time instant. This is of importance for the heat and mass transfer processes that oc-

cur during evaporation. Most noticeably, well-wetting droplets have a higher shared

surface area with the solid surface and the ambient gas than poorly wetting droplets.

In order to investigate the effect of the evaporation mode, evaporation from

two different surfaces was studied. The first surface was a milled aluminium plate

treated with a hydrophobic coating, which naturally leads to evaporation in the

stick-slip mode. The second surface was the same aluminium plate, provided with

a sharp-edged circular ridge of 1.0 mm radius (see Section 2.3). A droplet placed

on this ridge naturally pins to the sharp edge, leading to evaporation in constant

radius mode.

Droplet shape and mass history

In Fig. 2.11 the shape evolution of the droplets on the two different surfaces is shown.

The initial shape is largely the same, but over time the CCR mode results in a flatter

droplet with a higher exposed surface area compared to the SS mode. In Fig. 2.12

the radius and contact angle evolution of the droplets over time are plotted for

both surfaces. Figure 2.12 uses polar coordinates, in which movement in the radial

direction signifies a change in the droplet radius and movement over the azimuthal

direction indicates a change of contact angle. Notice that initially the droplet shape

for the CCR and SS modes are rather similar (R ≈1.1mm, θ ≈ 100−105◦), but over

time differences become apparent. The curves for Pe = 18 in Fig. 2.12 describe the

droplets shown in Fig. 2.11.

As can be seen in Fig. 2.12, the curves for the CCR mode move exclusively in

the azimuthal direction, implying a decrease in contact angle at constant radius. In

the final stages of the droplet lifetime it became increasingly more difficult to de-
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Figure 2.11: Images showing the droplet shape evolution in time, for evaporation

in CCR and SS modes at Pe = 18. For a fair comparison, the time t has been

normalized with the total evaporation time te, which is 603 s and 862 s respectively.

termine the contact angle with good accuracy. Therefore, the curves were stopped

for θ < 10◦. Notice that for the CCR mode the individual curves nearly overlap,

implying good reproducibility between individual experiments. The droplets evap-

orating in the SS mode show a simultaneous decrease in contact angle and radius.

Initially the contact angle decreases faster, while in the later stages of evaporation

the decrease in radius becomes more pronounced. There is a larger variation in the

shape evolution between different experiments for the SS mode than for the CCR

mode. This probably occurs because the droplets are placed slightly differently on

the surface in each experiment, leading to different local roughness profiles for each

trial.

In Fig. 2.13 the mass decrease of the drop in time is plotted for different evap-

oration modes. For each value of the Péclet number the droplets evaporating in

CCR and SS modes initially evaporate at the same pace. But over time the slope

of the curves for the SS mode seem to level off, while the slope for the SS mode

remain relatively constant. The time required to completely evaporate the droplets

is 25 % - 30 % shorter in CCR mode than in the SS mode. The explanation for the

difference in behaviour is twofold. Firstly mass transfer with the gas is higher for

flatter droplets, as they have a larger gas-liquid surface area (for the same volume).

Secondly, flatter droplets pose less thermal resistance between the interface and the

plate, which increases their interface temperature.
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Figure 2.12: Temporal evolution of the radius and contact angle of droplets for

different evaporation modes (CCR and SS).

Droplet temperature history

In Fig. 2.14 the droplet interface temperature between the CCR and SS modes is

compared. Pinned droplets (CCR mode) tend to become flatter in time, which re-

sults in a progressively higher interface temperature. Droplets that de-pin regularly

(mixed mode) are on average higher, which makes their interface colder than in the

CCR mode.

2.4.3 Effect of plate thermal conductivity

In the previous section all results were obtained for droplets evaporating from a

thermally well-conductive surface (aluminium, λ ≈ 230 W/mK). In this section

these results are now compared to evaporation from a less thermally conductive

surface (glass λ ≈ 0.8 W/mK). Besides differences in the thermal conductivity the

droplets on the aluminium plate were pinned to a circular ridge (CCR mode), while

on the glass plate no ridge was present, leading to stick-slip evaporation. Both

the glass and aluminium plates were treated with the same hydrophobic coating,

resulting in a similar equilibrium constant angle.
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Figure 2.13: Relative droplet mass versus time, for three values of the Péclet number

under both evaporation modes (CCR and SS).
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Figure 2.14: Time evolution of the interface temperature of droplets evaporating

from an aluminium surface under CCR and SS evaporation modes. Over time the

mixed mode leads to taller droplets which have a lower temperature than their

counterparts in the CCR mode.
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Droplet mass history

In Fig. 2.15, the droplet evaporation rate - relative to diffusion in a stagnant gas

- is shown for various values of the Péclet number. The green diamonds and blue

squares indicate evaporation from glass and aluminium surfaces respectively. For

the reference experiment (Pe=0), the evaporation rates from glass and aluminium

surfaces are nearly identical. With increasing Péclet number though, the discrepancy

between the evaporation rates for the two different surfaces increases. The largest

difference is found for the highest value of Péclet (Pe = 36), where evaporation from

glass is ≈ 15 % slower than from aluminium.
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Figure 2.15: Droplet evaporation rates from surfaces with a different thermal con-

ductivity, for various values of the Péclet number. The evaporation rate is normal-

ized with the theoretical rate which would occur in case of isothermal diffusion (3.09

×10−9 kg/s).

Droplet temperature history

In Fig. 2.16 infrared images are shown of evaporating droplets from a glass surface,

for several values of the Péclet number. The Figure can be compared directly with

Fig. 2.9, which was obtained for a droplet on an aluminium surface under otherwise

identical conditions. Fig. 2.16 shows that the temperature of an evaporating droplet

from glass for Pe = 0 is nearly uniform, except close to the three-phase contact line.

With a convective gas flow (Pe = 6, Pe = 30), the average temperature of the
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droplet decreases. Notice that drops evaporating from glass are significantly colder

than their counterparts on aluminium (17-18 ±0.2◦C versus ≈ 21 ±0.2◦C, see also

the difference in legend scale between Fig. 2.9 and Fig. 2.16).

t/te = 0.08 t/te = 0.35 t/te = 0.63 t/te = 0.93

Pe = 0

Pe = 6

Pe = 30

Gas flow 

direction

a) b) c) d)

e) f) g) h)

i) j) k) l)

Glass surface

1 mm

Figure 2.16: Infrared images droplets evaporating from a glass surface in the mixed

mode. Time t is normalized with the total evaporation time te. The temperature of

the approaching gas flow T∞ = 22.7◦ C.

The convective gas flow makes the interface temperature axially asymmetric, as

the front of the drop becomes the coldest point on the interface (see Fig. 2.16e,i). In

contrast to evaporation from an aluminium surface, no clear patterns which would

indicate the presence of convective rolls inside the droplet on glass could be detected.

The glass surface has an emissivity similar to that of water (ε ≈ 0.93 versus 0.96

for water). Therefore the temperature legend in Fig. 2.16 is also valid for the

background temperature. It can be seen that the solid surface close to the droplet

perimeter is lower than the temperature of the approaching gas (which is 22.7 ◦C).

This shows that heat is being transferred towards the droplet through the solid

surface, which induces a temperature gradient in the solid plate.
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Figure 2.17: Interface temperature of an evaporating droplet from a glass surface

versus droplet height. The temperature is examined at three locations, namely

the front, back and sides of the drop, relative to the approaching gas flow. The

temperature is expressed relative to that of the approaching gas flow (T∞ = 22.7◦C).

In Fig. 2.17 the interface temperature at several locations is plotted versus

the drop height, for droplets evaporating from a glass surface. Compared to the

aluminium surface (Fig. 2.17), droplets on glass have a more uniform surface tem-

perature as shown by the observation that the curves tend to overlap. For a high

convective gas flow (Pe = 30), it is seen that for the highest drops (1.3 mm) the

front of the droplet is the coldest point, which is in agreement with the images shown

earlier in Fig. 2.16e,i).

The effect of the plate thermal conductivity will be elaborated upon in the Dis-

cussion (Section 2.6.3). As will be shown, an analogy can be made between an

evaporating droplet on a plate and heat conduction through a radial fin.

2.4.4 Droplet internal flows

Internal flows inside the droplet are expected to play a role in heat transport from

the surface of the plate towards the gas-liquid interface. Therefore a study was

performed to verify the existence and quantify the magnitude of such internal flows.

Measurements were performed using a particle tracking approach. The droplet was

seeded with poly-amide particles of 20 µm with a mass density of 1030 kg/m3

(DANTEC 38A2101). The Stokes number for these particles is defined as Stk =

(ρp−ρL)d2
pu/(36ηLR), with ρp and dp being the particle mass density and diameter,

ρL the liquid mass density u the characteristic velocity, ηL the liquid viscosity and

R the droplet radius. For these particles, taking u as 1 mm/s, it was found that
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Stk ≈ 1.34 × 10−5, meaning that the particles follow the fluid streamlines closely.

The droplet was placed on a glass plate and illumination was provided from the top

and bottom by LED arrays (see Fig. 2.18a). The glass plate was placed in the wind

tunnel and the droplet was subjected to a gas flow of increasing magnitude. Videos

of the droplet were made from the side-perspective at 50 Hz frequency using a high

speed camera. The focal plane of the camera was positioned at the centerline of the

droplet, which lies perpendicular to the plate surface and parallel to the gas flow

direction.

The videos show that for zero gas velocity no fluid motion inside the droplet can

be observed. For non-zero gas velocities a single roll cell is visible, moving in the gas

flow direction near the interface. On the upwind side of the droplet stronger motion

could be seen than on the downwind side of the drop. Unfortunately the entire

centreline flow field could not be visualized in a single frame, due to diffraction by

the curved gas-liquid interface. Therefore the focal plane was adjusted to the top of

the droplet (still at the centreline). Here the particles move in a tangential motion

parallel to the interface. The trajectory of several particles was determined (see red

markers in Fig. 2.18b) and from the trajectory their velocity was computed.

a) b) Drop 
contour 

Convection
 roll

Marker points

1 mm

Figure 2.18: a) Image of a droplet on a glass plate seeded with small poly-amide

particles, placed in an approaching gas flow (from left to right). Reflections of the

LED lamps are visible on the interface. On the bottom of the drop an agglomerate

of seeding particles is present, which has sunk to the bottom. b) Artist impression,

showing the droplet contour (in white) and the direction of the roll cell (in orange).

The centreline tangential velocity was determined by following several particles in

time and marking their position (example shown in red).

In Fig. 2.19 the centreline tangential velocity at the droplet apex is plotted

versus the Péclet number. At the secondary x-axis (on top) the characteristic gas

velocity at the droplet top is also shown. The velocity in the droplet appears to be
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Figure 2.19: Centreline tangential liquid velocity at the apex of a droplet uINT
versus Péclet number for a drop on a glass plate placed in an approaching gas flow.

An increase in the Péclet number (gas velocity) over the droplet results in a single

roll cell inside the droplet with increasing magnitude.

proportional to the Péclet number. Notice that the velocity inside the drop is about

1 % of the characteristic velocity of the gas.

In the Discussion (Section 2.6.3) the measured interface velocity shown here will

be compared with numerical simulation results, after which their similarities and

differences will be discussed.
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2.5 Numerical results

In this section 2D Cartesian simulations of evaporating droplets are presented.

Wherever possible, the layout of the section was kept similar to the experimental

section, covering the same topics in the same order. First the effect of the convec-

tive gas flow is discussed in Section 2.5.1, after which the influence of changes in the

plate thermal conductivity are studied in Section 2.5.2. Finally in Section 2.5.3 the

role of internal flows is analysed. In the Discussion (Section 2.6) the similarities &

differences between the experiments and simulations will be addressed.

2.5.1 Effect of convective gas flow

This section features isothermal simulations, involving mass transfer only. In the

next section thermal coupling is activated, showing the interaction between heat

and mass transfer in relation of the plate thermal conductivity.

water evaporation rate 

1 g/(m2s) 0 2 4 6

velocity [mm/s]

0.0 0.4 0.8 1.2 1.6

water vapor [wt %]

Figure 2.20: Simulation of a 1.1 mm semicircular droplet under a convective gas

flow of Pe=30 (isothermal). The black vectors in the gas domain and liquid droplet

indicate the gas and liquid velocity direction respectively, but not their magnitudes.

The green vectors at the vapour-liquid interface indicate the evaporation rate (di-

rection and magnitude). The colour in the gas domain shows the water vapour

concentration. The colour in the droplet indicates the liquid velocity magnitude.

In Fig. 2.20 the flow field in the gas and droplet together with the vapour

concentration field is shown, for a 1.1 mm droplet under a gas velocity of Pe=30

under isothermal conditions. The upwind side of the droplet shows higher mass

transfer than the downwind side. At the downwind side a wake is present and some

recirculating flow can be observed. Inside the drop an internal convection roll is

present, which will be discussed later. For now mass transfer will be studied in

more detail. In Fig. 2.21a the evaporation flux j is plotted versus the normalized
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Figure 2.21: Left: evaporation mass flux j versus arc length s, for various values

of Péclet. Based on a 1.1 mm radius hemicircular water drop. Right: Sherwood

number versus Péclet, for a 1.1 mm water droplet evaporating from a plate under

isothermal conditions.

arc length s, for the same conditions mentioned before. The arc length starts at

the base of the drop facing the gas flow and ends at the droplet rear, with s=0.5

being the drop apex. The different curves show the profile of j for various values

of Péclet. For evaporation by pure diffusion (Pe = 0) j is uniform over the droplet

perimeter. For small Péclet (Pe ≤ 2) the maximum evaporation rate occurs at the

three-phase contact line facing the gas flow, while for higher values of Péclet the

maximum of j is located between s=0.24 for Pe = 3 to s=0.30 for Pe = 30. One

might expect the maximum of j to occur at s = 0.5, since here the gas velocity is

the highest. In reality the maximum is located further upstream, because for s >

0.4 the approaching gas flow has already absorbed some amount of water vapour

from the more upstream regions of the drop. At the rear of the drop (s > 0.8) no

substantial increase in mass transfer is seen with increasing Pe, because behind a

droplet a wake is present were removal of vapour is limited. At 2/3rd of the droplet

height the upwind velocity in the gas is a factor 4 higher than the downwind velocity

(160 vs. 40 mm/s).

Fig. 2.21a shows that the biggest incremental increase in j occurs between Pe =

0 and Pe = 1. For higher values of Pé the incremental increase in j becomes smaller.
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This suggests a power law scaling between j and Pe with a power less than unity.

To analyse mass transfer rates in dimensionless form the Sherwood was computed

and plotted versus the Péclet number (see Fig. 2.21b), with Sh = k(2R)/D and

Pe = 4γR2/D. Here k is the mass transfer coefficient, D the diffusivity, γ the

shear rate and R the droplet radius. The graph shows that Sh scales with Pe to

an exponent of 0.45. A quick comparison with existing Sherwood correlations was

performed. For mass transfer over spheres and flat plates an exponent of 0.5 is

typical [50]. However since the simulations are performed on a 2D cartesian grid, a

droplet on a plate bears resemblance to cross flow over a cylinder. For the latter the

following mass transfer correlations apply (see Table 2.2). For the same range of Pe,

the proportionality constant is similar to the literature value (0.943 vs. 0.911) while

the exponent is slightly higher (0.449 vs. 0.385)¶. The difference occurs because

the cases compared are not entirely similar. For flow over a flat plate the no-slip

condition makes the gas velocity equal to zero at the plate surface, while the case

for cross flow over a cylinder the centreline velocity far way from the drop can be

non-zero. Nonetheless close agreement exists between the simulation results and

existing mass transfer correlations.

In the Discussion (Section 2.6.1) the mass transfer rates computed here will

be compared to the measurements. Here it will be shown that limited agreement

between the two can be established, which is caused by differences in the geometry

(2D vs 3D) and by thermal effects.

Case Relation
Range

of Pe
Source

Cylinder in a uniform

approaching cross flow

Sh = 0.989Pe1/3 0.3-3

[50, 51]Sh = 0.911Pe0.385Pr0.052 3-30

Sh = 0.683Pe0.466Pr0.133 30-3000

2D droplet on a plate

in a shear flow
Sh = 0.943Pe0.449 1-30 This work

Table 2.2: Mass transfer correlations for a cylinder in a uniform cross flow, compared

with that of a 2D droplet on a plate in a shear flow.

¶In this work no variation of the Prantl number was studied, which is why our correla-

tion is only valid for fluids of similar Prandlt number (i.e. most ordinary gasses, but not

liquids). Nonetheless, the impact of the Prandtl number seems rather limited, considering

the small exponents involved (0.05-0.13).
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2.5.2 Effect of plate thermal conductivity

The results shown in the previous section were obtained under isothermal condi-

tions, which represent an upper limit for the droplet evaporation rate. In reality

evaporation of the drop results in cooling of the gas-liquid interface, because the

process is endothermic and CS decreases with decreasing temperature. The ex-

periments (Section 2.4.3) show that for increasing plate thermal conductivity the

droplet interface temperature and the evaporation rates increase. But even for a

well-conductive plate (aluminium) the temperature of the interface is always below

the ambient temperature. This indicates that both the plate and the droplet in-

ternals form a resistance for heat transfer. To study this interplay in more detail

numerical simulations were performed of droplets evaporating from aluminium and

glass plates.

Validity of the quasi-steady state approximation

In existing literature [22, 23] the droplet temperature is often considered to be in

quasi-steady state, because the timescale for heat diffusion inside the droplet is much

less than the total evaporation time. But in this consideration the thermal inertia

of the solid plate is not accounted for. An estimation shows that the thermal energy

initially embodied in the plate (mSCpS(T−T∞)) is about 8 % of the energy required

for complete evaporation of the droplet (mLL), see Section 2.2. This means that

some thermal inertia is present in the system, which allows for dynamic changes in

the plate and droplet temperature over time. To check if this effect is of importance,

first the temperature of the droplet was followed in time (see Fig. 2.24a). The

simulation results show that a droplet placed on an aluminium plate undergoes

rapid cooling from its initial temperature till a quasi-steady temperature in the first

10 seconds (Fig. 2.24a, black curves). This can be explained by the fact that the

aluminium plate has a high thermal diffusivity. The timescale for heat diffusion in

the aluminium plate τH = L2/α = 2.3 s, with L the plate width and α the thermal

diffusivity of the plate. The total evaporation time of the droplet te is 1500-6000

s. Since te � τH , the initial temperature of the plate does not affect the solution

at later times and the evaporation of the droplet can be considered quasi-steady

for t > 3 × τH . The glass plate instead has a low thermal diffusivity. Here, the

simulations results show that the droplet continues to cool without reaching quasi-

steady conditions (see Fig. 2.24a, grey curves). For the glass plate τH = 660 s

and hence τH and te have the same order of magnitude. This means that in our

simulations for glass plates the quasi-steady state temperature is not reached so
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water evaporation rate 

0.75 g/(m2s) 21.6 22.0 22.4

temperature [°C]

(a) Aluminium plate

water evaporation rate 

0.75 g/(m2s) 14 16 18 20 22

temperature [°C]

(b) Glass plate

Figure 2.22: Temperature field of a 1.1 mm hemicircular droplet under a convective

gas flow of Pe=30 from aluminium and glass plates, featuring the evaporation flux

(green arrows) and the gas velocity direction vectors together with the internal

flow field inside the droplet. The images correspond to a time of 510 and 780 s

respectively.

quickly. As a consequence the simulation results shown below for glass plates are

somewhat dependent on the choice of initial temperature, making time a parameter

in the problem.

Effect on droplet temperature

To see the effect of the plate thermal conductivity, simulations were performed for

evaporation from aluminium and glass plates (see Fig. 2.22). The Figure shows the

most extreme case (Pe=30), for which the highest degree of cooling can be expected.

The aluminium plate remains nearly isothermal, except close the the droplet. As

a result the minimum droplet temperature is 21.4 ◦C (2 K lower than the ambient

temperature). The glass plate instead shows a strong temperature gradient in the

horizontal direction. As a result the droplet temperature is about 13.7 ◦C (8 K
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lower than the ambient). The lowest possible temperature the droplet can attain is

the wet bulb temperature TWB, which is about 7 ◦C for dry nitrogen. Therefore the

relative temperature of the droplet compared to wet bulb (T∞− T )/(T∞− TWB) is

8 % and 57 % for aluminium and glass respectively.
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Figure 2.23: Gas-liquid interface temperature versus the normalized arc length s,

for various values of Péclet. Based on a 1.1 mm radius hemicircular water drop on

aluminium and glass plates. The temperature is expressed relative to that of the

approaching gas flow and the plate left and right edges T∞, which is 22.7 ◦C.

The degree of cooling that the droplet attains scales with the Péclet number.

In Fig. 2.23 the droplet interface temperature is plotted - relative to that of the

approaching gas flow, for various values of the Péclet number. The aluminium plate

is a good conductor of heat. In this case the droplet itself forms a thermal resistance

for heat flow from the plate towards the interface. This is indicated by the fact that

the droplet base (s=0, s=1) has no appreciable degree of cooling. The glass plate is

a poor thermal conductor (see Fig. 2.22b). Here heat conduction through the solid

plate poses an additional thermal resistance for heat flow towards the interface. This

is indicated by the fact that the droplet base (s=0, s=1) has already a large degree

of cooling (4 K for Pe = 0 and 8 K for Pe = 30). The interface temperature shows

a ’spike’ around s=0.40 (see Fig. 2.23). This is the point on the interface where

two internal convection rolls coincide. Here advective transport of heat is locally

lower, which results in a locally lower interface temperature. More detailed analysis
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of these convection rolls will be performed later in Section 2.5.3. In the Discussion

(section 2.6.2) the measured droplet temperatures by thermographic imaging will

be compared to the numerical results shown here.
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Figure 2.24: Left: Time evolution of the average droplet interface temperature 〈T 〉.
Right: Droplet evaporation rate ṁ vs. Pe - normalized with the rate which occurs

by pure diffusion (ṁD). For reference the isothermal case is included as well.

Effect on mass transfer

Having established the temperature of the interface, we can now examine how cool-

ing of the droplet affects the evaporation rate. In Fig. 2.24b the mass transfer rate

is shown, taking into account coupled heat and mass transfer. The three curves

represent evaporation of a droplet from an aluminium and glass plate respectively,

alongside with the isothermal case. On the y-axis the evaporation rate ṁ is shown,

which was normalized with ṁD, the evaporation rate which occurs by pure dif-

fusion‖. The results show a decrease in the mass transfer rate compared to the

isothermal case (on average: -8 % for aluminium and -24 % for glass), which is

caused by cooling of the gas-liquid interface. At a local level cooling changes the

evaporation flux over the interface. In Fig. 2.25 the evaporation flux j is plotted

‖For the isothermal case ṁ/ṁD = Sh, but for the thermal cases this is not true due

to cooling of the interface.
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vs. arclength s, for evaporation from aluminium and glass plates. Compared to the

isothermal case (Fig. 2.21a) the profiles of j vs s have somewhat shifted. Firstly

the maximum of j is no longer found in the region of s=0.24-0.30, but rather at the

droplet base (s=0). This is because the droplet base is the warmest position on the

interface. Secondly a ’dip’ is seen in the profiles around s=0.40, which corresponds

to the ’spike’ in temperature shown before in Fig. 2.23.
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Figure 2.25: evaporation mass flux j versus arc length s, for various values of the

Péclet number. Based on a 1.1 mm radius hemicircular water drop on aluminium

and glass plates.

In the Discussion (Section 2.6.2) the decrease in mass transfer rate as a result of

cooling is compared to the measurements. As will be shown, qualitative agreement

between the two has been found.

2.5.3 Droplet internal flows

The thermographic measurements (Section 2.4.1) have shown that droplets under

an approaching gas flow attain highly asymmetric temperature profiles at their in-

terface. This has led to the belief that internal flows inside the droplet play a role

in heat transport from the surface of the plate towards the gas-liquid interface. Al-

though the internal flow velocity in the droplet was measured (see Section 2.4.4),

it was still not certain what the driving forces behind these internal flows are. The
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simulations presented in this section are intended to identify the main drivers for

internal flow inside the droplet.

Relation to gas flow and plate thermal properties

When thermal effects are excluded, flow inside the droplet is driven only by shear in

the approaching gas flow. This results in a single convection roll inside the droplet,

which rotates in the clockwise direction (see Fig. 2.20). The maximum velocity

observed is 6 mm/s (for Pe = 30). When thermal effects are accounted for, flow

inside the droplet is driven by a combination of Marangoni stress and shear induced

by the gas flow. The Marangoni stresses occur when a temperature gradient exists

over the interface. In our case the top of the droplet is colder than the base. The

surface tension coefficient of water σ is temperature dependent, having a negative

temperature dependence ∂σ/∂T . Therefore positions on the interface which are

colder (droplet top) exhibit a stronger surface tension force than positions which

are warmer (droplet base). This results in a Marangoni stress, which pulls the

liquid from the base of the droplet towards the top. The approaching gas flow

instead pulls the interface in its own flow direction. This results in two opposing

convection rolls inside the drop, which meet around s=0.4 (see Fig. 2.26). The

maximum velocity observed is 30 mm/s (for Pe = 30), which is significantly higher

than in the isothermal case for the same Péclet number (see Fig. 2.20).

water evaporation rate 

0.75 g/(m2s) 0.0 5.0 10.0 15.0

velocity [mm/s]

0.0 0.4 0.8 1.2 1.6

water vapor [wt %]

Figure 2.26: Results of a simulation involving a 1.1 mm hemicircular droplet under

a convective gas flow of Pe = 30 on an aluminium plate, featuring the gas velocity

direction vectors and vapour concentration field, together with the internal flow field

in the droplet. For t = 780 s.

The internal flows can be analysed in more detail by studying the tangential ve-

locity at each position on the interface. In Fig. 2.27a the tangential interface velocity

uINT is plotted versus the normalized arc length s, for the isothermal case. uINT is
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defined positive in the direction of the gas flow. The graph shows nearly symmet-

rical velocity profiles, with the maximum velocity located around s=0.44. In Fig.

2.27b the same result is shown for a droplet evaporating from an aluminium plate

in the non-isothermal case. For the case without gas flow (Pe = 0) only Marangoni

convection acts on the droplet. This results in a symmetrical profile of uINT around

s=0.4, being positive on the upwind side and negative at the downwind side. For

finite Péclet numbers, shear by the approaching gas flow causes an asymmetry in

the profiles. The highest velocities are found on the upwind side, with the maxima

located between s=0.17 (for Pe =1) to s=0.21 (for Pe = 30). The point where uINT
is zero corresponds to the position where the two convection rolls inside the droplet

meet. This position changes very little with changing Péclet number, as it ranges

between s=0.36 and s=0.40 (for Pe =1 and Pe =30).
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Figure 2.27: Tangential interface velocity uINT versus arc length s, for various values

of the Péclet number, based on a 1.1 mm radius hemicircular water drop.

To verify that the difference between the thermal and isothermal cases is truly

caused by Marangoni flow, a simulation was performed for the aluminium plate with

a constant surface tension (i.e. ∂σ/∂T = 0). Figure 2.28 shows that in the absence

of Marangoni flow a single roll cell is observed, as is the case in the experiments.

In addition the upwind side of the droplet is significantly warmer compared to the

downwind side. This bears resemblance to the thermographic images of droplets ob-
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water evaporation rate 

0.75 g/(m2s) 20.75 21.25 21.75 22.25

temperature [°C]

Figure 2.28: Temperature field of a 1.1 mm hemicircular droplet under a convective

gas flow of Pe = 30, featuring the evaporation rate vectors (in green) and gas

velocity direction vectors together with the internal flow field in the droplet. Based

on a constant surface tension coefficient for pure water (72 mN/m).

tained under the same conditions (see Fig. 2.9i,j). The tangential interface velocity

for the σ=constant case is plotted versus the normalized arc length in Fig. 2.29a.

As can be seen the shape of the profiles for the σ=constant case is similar to the

isothermal case, but the velocity magnitude is somewhat lower in the former.

In Fig. 2.29b an overall comparison is made of the maximum tangential interface

velocity uINT,max between the different simulations. More details on the simulations

for glass plates (blue diamonds in Fig. 2.29b) can be found in Appendix D. For glass

and aluminium plates uINT,max is already larger than 5 mm/s at Pe = 0, while in

the isothermal simulations a velocity of 5 mm/s is only reached for Pe > 26. On

average uINT,ax is a factor 2.6 and 4.0 larger on glass and aluminium plates than

in the isothermal case for the same Péclet number. This indicates that for droplets

of pure water Marangoni convection is a strong driver for internal flow inside the

drop. When Marangoni stresses are not accounted for (in the σ=constant case)

the thermal and isothermal simulations for the aluminium plate result in nearly the

same interface velocities. To be precise the σ=constant case results in a slightly

lower interface velocity (-12 %) compared to isothermal (5.7 mm/s vs 6.5 mm/s

for Pe = 30). This difference can likely be attributed to the effect of evaporative

cooling, which gives rise to small changes in the (temperature dependent) physical

properties of the fluids (dynamic viscosity, mass density).

In the Discussion (Section 2.6.3) the predicted internal flow velocities shown here

will be compared to the measurements and the thermographic images.
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Figure 2.29: Left: tangential interface velocity uINT versus arc length s, for various

values of the Péclet number. Based on a 1.1 mm radius hemicircular water drop

with a constant surface tension on an aluminium plate. Right: maximum uINT
versus Péclet number, a comparison between various simulations.
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2.6 Discussion

2.6.1 Mass transfer

In this section the measured droplet evaporation rates are compared with theo-

retical predictions and the numerical simulations results shown before. Using the

experimental data the dimensionless mass transfer rate can be determined

Sh =
ṁ0

2πRD(CS(T )− C∞)
(2.16)

where ṁ0 is the initial droplet evaporation rate, which was obtained by taking the

initial slope of the droplet mass-versus-time curves∗∗ (e.g. Fig. 2.7). For this reason

ṁ0 is in the initial stages of evaporation, with θ = 105 ± 3◦. CS(T ) is the satura-

tion concentration of vapour based on the average droplet interface temperature T .

Since ṁ0 and T are averaged over the surface of the droplet, the Sherwood number

represents the surface-averaged mass transfer rate.

In Fig. 2.30 the Sherwood number is plotted vs. the Péclet number. The mea-

sured data is presented in three different datasets depending on the substrate and

the evaporation mode of the drops. The results show that Sh follows a power law

trend w.r.t. the Péclet number. The CCR mode on aluminium (diamonds) shows

on average higher Sherwood numbers than the SS-modes on glass and aluminium

(squares, circles). This result is somewhat remarkable, because any differences in

droplet radius or average temperature are corrected for in Eqn. 2.16. One expla-

nation for this difference could be found in the infrared images, which show that

droplets evaporating from aluminium in CCR mode have an asymmetrical surface

temperature. In the thermographic images a ’warm spot’ can be observed at the

upwind side of the droplet (see Fig. 2.9). Since mass transfer is expected to be

most intense at the upwind side, an increase of Sh can be expected if the upwind

temperature is higher than the mean.

In Fig. 2.30 the experimental Sherwood correlation is shown as a solid black line,

along with the corresponding 95 % confidence interval. The curve is of the form

Sh = 1
2(1.3 + 0.27θ2) + (0.43± 0.25)Pe(0.55±0.18) (2.17)

with a coefficient of determination R2 = 0.78. The first term in Eqn. 2.17 is the

diffusive contribution (based on existing literature [22]) and the second term the

∗∗An attempt was made to determine the instantaneous Sherwood number Sh(t), but

this proved to be difficult as the evaporation rate is determined by differentiation of the

mass-vs-time curves, which amplifies any error present in the droplet mass measurement.

Therefore only the initial slope was used here, which gave reproducible results.
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Figure 2.30: Sherwood number vs. Péclet number, for droplets of 1.1 mm foot radius

having a contact angle of θ = 105±3◦. The curve fit is a power law model, together

with its prediction interval (95 % confidence). Also results from the 2D numerical

simulations and an analytical solution (Eqn. 2.3) are included.

convective contribution, obtained by the curve fit. The dark-grey solid line in Fig.

2.30 represents the 2D analytical solution based on boundary-layer-theory (Eqn.

2.3), of which a derivation can be found in Appendix A. Notice that the analytical

solution seems to underpredict the mass transfer rate observed experimentally. This

likely occurs because in the derivation it was presumed that the droplet height

remains below the momentum boundary layer thickness (see Appendix A for details).

Therefore the analytical solution is only valid for low gas velocities (Pe < 1) and/or

flat droplets (θ � 1). In the experiment droplets of considerable height (up to

1.5 mm) under larger Péclet numbers (Pe > 10) were considered, for which the

aforementioned assumptions do not hold. In this case the exponent n in Sh ∼ Pen

tends more towards n = 1/2, as will be discussed in Appendix A.

The light-grey curve in Fig. 2.30 represents the numerical solution, shown earlier

in Section 2.5.1. The numerical solution considerably overpredicts the observed mass

transfer rate. This is likely caused by the fact that the simulations were performed

in 2D on a Cartesian grid, which essentially reduces the geometry of the droplet to

that of a cylinder with infinite width. In 2D only flow over the droplet is permitted,

while a 3D flow field (experiments) also allows gas to move around the droplet sides.

This results in a different flow field close to the interface en hence to different mass
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transfer rates. It is known that the friction coefficient for a cylinder is higher than

that of sphere for the same Reynolds number†† [50]. Using the Reynolds analogy

one would therefore expect mass transfer to be higher for a cylinder compared to a

sphere as well.

Overall our comparison of the analytical and numerical solutions with the exper-

imental mass transfer rate shows that limited agreement could be obtained. This

occurs because in the experiment the flow, temperature and concentration fields

are intrinsically 3D, which would require 3D numerical and analytical solutions to

capture accurately.

2.6.2 Heat transfer

The experimental and numerical results show that the droplet interface temperature

is also dependent on heat transfer occurring inside the plate. Hence, in order to

understand the temperature dynamics of the drop, it must be studied in relation

to its environment. In the first part of this section a lumped capacitance model is

derived, which predicts the droplet temperature based on the physical properties of

the system (plate and droplet). Later the measured droplet temperature is compared

to the results of this model and the numerical simulation results shown previously.

Lumped capacitance model

Consider an evaporating droplet resting on a plate as depicted in Fig. 2.31. Since

evaporation is endothermic, the droplet interface is colder than the ambient during

evaporation. The supply of heat from the ambient towards the droplet interface

may take place in two modes: 1) by direct heat exchange between the droplet with

the gas and 2) by indirect exchange, which involves heat conduction through the

solid and droplet internals (see Fig. 2.32). In the latter case the solid surface acts

as a ’fin’, increasing the effective area for heat exchange between the ambient gas

and the drop. An important question in this context is to which extent the solid

surface contributes heat transfer towards the interface, and how this depends on

the physical properties of the system. Simple energy balance estimations are given

for the heat transfer rates by these two modes. This gives insight in the global

energy balance of an evaporating droplet from a plate, of which careful analysis in

established literature is limited.

Upon closer inspection of the problem one can obtain an equivalent electrical

circuit, describing the thermal resistances at play (Fig. 2.32b). Estimations of the

††provided that Re > 100.
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Figure 2.31: An evaporating droplet of radius R and thermal conductivity λL resting

on a plate of width W and thickness D with a thermal conductivity λS . The top

surface of the plate and the droplet exchange heat with the ambient with a heat

transfer coefficient h. The sides and bottom of the surface are thermally insulated.

Far away from the surface the gas temperature is equal to Tgas. Gravity points in

the negative y-direction. This case bears resemblance to heat transfer through an

annular fin.
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Figure 2.32: a) Schematic overview of heat transfer between the droplet (with top

temperature Ttop and base temperature Tbase) and the ambient gas (at tempera-

ture Tgas). Thermal energy can reach the droplet top in two modes: 1) direct heat

exchange from gas-to-top (RG→T ) and 2) indirect heat exchange by conduction

through the plate and droplet internals. In the latter case the thermal resistances

from gas-to-solid RG→S , solid-to-base RS→B and base-to-top RB→T must be con-

sidered. b) Equivalent electrical circuit representation. The solid surface acts as

a ’fin’, increasing the effective area of heat transfer between the droplet and the

ambient.
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thermal resistances were devised under the following assumptions:

(a) Heat transfer is in steady state. For evaporating droplets on well conductive

plates this is a valid approximation, since the Fourier number Fo = αLte
L2 � 1,

where L = 2R and te is the total evaporation time of the drop (see e.g.

[22]) and αL is the thermal diffusivity of the liquid. For droplets placed on

less conductive plates steady state is not quickly reached, as shown by our

numerical simulations (see Fig. 2.24a). For this case the lumped capacitance

model presented here is only an approximation of the true dynamics.

(b) Heat exchange between plate and droplet with the ambient gas is based on a

film model using a uniform heat transfer coefficient h and a bulk gas temper-

ature Tgas. This is reasonable, considering that the geometry in Fig. 2.32 is

rather uniform and does not contain obvious stagnant zones or sharp corners

in which heat transfer differs significantly from the average ‡‡.

(c) Inside the plate heat conduction takes place in the horizontal direction only.

This approach is reasonable provided that the Biot number in the vertical

direction Bi = hD
λS

is small (Bi < 0.1). For the experiments described in this

work the maximum Biot number was 0.058.

(d) The temperature of the plate underneath the drop (−R < x < +R) is uni-

form and equal to Tbase. This is appropriate for well conductive surfaces like

aluminium where λS � λL;

(e) Heat transfer from the base of the drop towards the droplet top occurs by heat

conduction in the vertical direction. The effect of internal convection is taken

into account by multiplying the conductive heat transfer rate with a droplet

internal Nusselt number NuINT , the value of which was based on existing

literature§§, see Table 2.3.

Under these assumptions expressions for the thermal resistances shown in Fig. 2.32

have been derived. For convective transport the thermal resistance is defined as

R = (hA)−1 with h the heat transfer coefficient and A the heat transfer surface

‡‡Numerical simulations by Doursat et al. [52] have shown that for a droplet on a plate

in a convective gas flow the heat transfer coefficient from gas-to-droplet is ≈ 1.4 times the

gas-to-plate heat transfer coefficient, which is the same order of magnitude.
§§Simulations by Sharafi et al. [53] have shown that Marangoni flow inside the droplet

can lead to Nusselt numbers in the drop ranging between 4-8, while simulations by Phadnis

et al. [54] show Nusselt numbers of ≈ 3.
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Figure 2.33: Estimation of thermal resistances for heat transfer of an evaporat-

ing droplet on a plate with an approaching gas flow. The parameters used in the

calculation are listed in Table 2.3.

area. For conductive transport R = L/(λA) with L the relevant length scale. In

case of conduction in the plate R is multiplied with a fin efficiency ηfin. Further

details are attached as Appendix C. The calculations were based on the same plate

and droplet dimensions as in the experiments (see Table 2.3). The results are plotted

together in a single graph (see Fig. 2.33).

The gas-to-top resistance RG→T is 2-3 orders of magnitude larger than the other

resistances. This shows that direct heat exchange between the droplet and the

approaching gas flow (mode 1) is insignificant compared to heat exchange which

takes place via the plate (mode 2). In fact the relative contribution of mode 1 can

be estimated as RG→T /(RG→B +RB→T ), which is ≈ 2 % for Pe = 0, increasing up

to 6 % for Pe = 100.

The gas-to-base resistance RG→B depends on the thermal conductivity of the

plate; in Fig. 2.33 plates of glass and aluminium are considered. For Pe = 0

the glass plate has about double the thermal resistance of the aluminium plate

(285 vs. 153 K/W, factor 1.8). For Pe =100 the difference in thermal resistance

between aluminium and glass plates is nearly a factor 4 (123 vs. 33 K/W, factor

3.7). This result is noteworthy; the difference in thermal conductivity between glass

and aluminium is nearly a factor 300 (237 vs. 0.8 W/m/K) and yet their thermal

resistances differ only by a factor 2-4. The explanation for this lies in the fact that
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Plate thickness D 3 mm

Plate width W 35 mm

Droplet radius R 1 mm

Droplet height H 1 mm

Plate therm. cond. λS
0.8 / 237 W/m/K

(glass / alu.)

Liquid therm cond. λL 0.6 W/m/K

Internal Nu number NuINT 5

Table 2.3: Geometrical and physical properties used in the calculations shown in

Fig. 2.33.

the plates are relativity thick (3 mm) compared to the drop height (1 mm). This

ensures that even a plate of low thermal conductivity is a relatively good thermal

conductor.

RB→T is the thermal resistance inside the liquid drop, from the base of the

droplet towards its top. The magnitude of this resistance depends on the con-

tribution of internal flows inside the droplet. Therefore two extreme cases were

considered in Fig. 2.33: internal heat transport by heat diffusion only (NuINT = 1)

and transport by a strong convective flow (NuINT = 10). It is seen that RB→T
for NuINT = 1 is larger than RG→B, regardless of the plate material used. This

shows that a droplet without internal flows poses a significant thermal resistance.

When a strong convective flow is present in the droplet (RB→T for NuINT = 10)

the thermal resistance of the droplet becomes smaller than that of the plate. Now

the thermal resistance of the plate becomes a limiting factor for heat transport.

Note that in reality NuINT depends on the Péclet number, as internal flows

in the droplet are driven by shear with the approaching gas flow. These intricate

couplings, among others, have been ignored in this analysis. In order to get a more

accurate assessment of the heat transfer resistances and their relative contribution,

more detailed analysis is needed. This should take into account 2D/3d effects and

couplings between heat, mass and momentum transfer. For such an analysis the

1d lumped capacitance model shown here is not adequate and numerical methods

are preferable. Nonetheless, the simplified analysis presented above gives some new

insights. Firstly it was shown that direct heat transfer between the gas and the

droplet is not significant (< 6 %) compared to heat exchange via the plate. It also

shows that increasing the thermal conductivity of the plate by a factor 100 may



2.6. DISCUSSION 57

result in a decrease of the thermal resistance by a factor 2 at best, depending on

the plate geometry (most notably its thickness).

Comparison between measured and predicted droplet temperatures

In this section the measured droplet temperatures are compared with the lumped

capacitance model described above and with the 2D numerical simulation results

presented earlier. In Fig. 2.34 the droplet top-temperature is shown for 6 cases

involving evaporation from aluminium and glass plates at Péclet numbers of 0, 6

and 30.
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Figure 2.34: Measured and predicted droplet top temperatures, for a hemicircular

droplet of 1.1 mm radius evaporating from aluminium and glass plates for various

Péclet numbers. The temperature is expressed relative to that of the approaching

gas flow T∞, which is 22.7 ◦C.

The lumped capacitance model overpredicts the measurements for the aluminium

plate by max. 0.6 K, while it underpredicts the measurements by max. 0.8 K for the

glass plate. It is difficult to pinpoint these discrepancies to a single cause, since the

model contains several assumptions, the validity of which cannot be assessed indi-

vidually. Some limitations of the model have already been discussed in the previous

section, but one cause of discrepancy not discussed previously it that of the inter-

nal Nusselt number NuINT . In reality the presence of internal flows in the droplet

largely dictate the thermal resistance of the drop. It is known that these internal
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flows are driven by shear in the approaching gas flow. Therefore, NuINT should

increase with increasing Pe. In the model the internal Nusselt number is considered

constant and equal to NuINT = 5, based on [55], which is an oversimplification

of reality. By ’tuning’ NuINT for each case better agreement with the measure-

ments can be obtained. But this approach was avoided, as it would introduce fitting

parameters in the model, abandoning a ’first principles’ approach.

The 2D numerical results shown in Fig. 2.34 were obtained for a constant surface

tension (no Marangoni flow). This makes for a fair comparison with the measure-

ments, in which no Marangoni flow in the droplet could be observed either. The

σ = cnst. simulations were only performed for the aluminium plate. The results

show that the 2D numerical simulations consistently underestimate the droplet top

temperature by max. 1 K. This occurs because in the simulations heat conduction is

predominantly 1D (linear conduction from the plate left and right edges to the drop)

while in the simulation heat conduction is predominately 2D (radial conduction from

all four plate boundaries to the drop).

Overall this section has shown that cooling of the droplet must be considered in

relation to the plate on which it is placed. By doing so, basic trends in the interface

temperature could be predicted from first principles using a simple model.

2.6.3 Internal flows

In the previous sections droplet evaporation was analysed with emphasis on mass

and heat transfer. In this section the role of internal flows occurring inside the

drop are studied more closely. First the differences between the experiments and

simulations are shown. After that the driving forces for internal flow are assessed,

to help explain these differences. Lastly the role of surface-active contaminants is

discussed.

Comparison of experiments and simulations

The experimental results have shown that the gas-liquid interface temperature is

non-uniform. For evaporation by pure diffusion (Pe = 0) the temperature is axially

symmetric, being the warmest at the base of the drop and the coldest at the apex (see

Fig. 2.9a-b). When a gas flow is induced over the droplet, the interface temperature

becomes axially asymmetric. For a plate of poor thermal conductivity (glass) the

upwind-top side of the drop becomes relatively colder than the downwind side (see

Fig. 2.16i-k). Contrarily, for a surface of good thermal conductivity (aluminium)

the upwind side of the drop becomes relatively warmer than the downwind side (see
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Fig. 2.9i-k).

The trends discussed above indicate that heat transport between the plate and

the gas-liquid interface is related to internal flows occurring inside the droplet. To

verify these presumptions, direct measurement of internal flow inside a droplet on

a glass plate was performed. The results have shown that without gas flow the

droplet internals are not in motion, while with the gas flow in place a global roll cell

is present in the drop, moving with the gas flow direction. The magnitude of the roll

cell was found to be proportional to the applied gas velocity (see Fig. 2.19). The

experimental results are in contrast with the numerical simulations. The following

differences were observed:

(a) In the simulations internal flows inside the droplet are always present, also

when no gas velocity is applied (Pe = 0).

(b) The simulations always show two counter-rotating roll cells in the droplet; one

starting from the upwind and one starting from the downwind side respectively.

(c) The magnitude of the internal velocity is a factor 5-10 higher in the simulations

compared to the experimental observations.

The difference between the simulations and the experiments is likely related to

temperature-effects. In fact, when the same simulations were repeated without

temperature effects (isothermal), (a) no flow was observed for Pe =0 and (b) no

counter-rotating roll cells were seen for Pe>0. In addition (c), the magnitude of the

internal velocity was in much better agreement with the experiments (5 vs. 2 mm/s

respectively). In the next section an assessment is made of possible driving forces

for internal flow inside the drop. This will help to explain some of the differences

between the experimental and numerical results. Note however that some level of

disagreement between the simulations and the experiments will remain for reasons

of geometry (2D vs 3D).

Assessment of potential drivers for internal flow

Internal flows can -in principle- be caused by three factors, namely a) shear induced

by the approaching gas flow, b) Marangoni convection and c) Rayleigh-Benard con-

vection. In the coming section the contribution of these three mechanisms will be

discussed. In Table 2.4 the relevant dimensionless numbers are shown, along with

their numerical value based on the experimental conditions. For thermo-capillary

and gravitational convection, critical non-dimensional numbers Macrit and Racrit

could be found in existing literature [54]. These critical numbers indicate the point
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Dimensionless number
Value

(Pe = 6)

Value

(Pe = 30)

Critical

value

Re = inertia
viscosity = ρGuGL

ηG
36 180 -

Ma = therm. convection
therm. diffusion = ∂σ

∂T
L∆T
αLηL

11.000 11.000 ≈ 60

Ra = therm. convection
therm. diffusion = ρgβ∆TL3

αLηL
500 500 ≈ 1700

Table 2.4: Estimation of the Reynolds (Re), Marangoni (Ma) and Rayleigh (Ra)

numbers, using L = 1 mm, ∆T = 4 K. Critical values were based on [54].

beyond which a small disturbance in the temperature or flow field is no longer damp-

ened out, but grows. Since Ma ≈ 100Macrit and Ra ≈ 1
3Racrit is can be concluded

that Marangoni convection is clearly of importance, while Rayleigh-Benard convec-

tion can be considered insignificant. No simple criterion can be devised for a critical

Reynolds number, as for every gas velocity an internal flow in the droplet can occur.

Therefore the significance of shear induced by the approaching gas flow must be

addressed using different arguments.

The approaching gas flow induces a tangential stress on the droplet gas-liquid

interface. For gas flow in the x-direction and the normal to the interface pointing

in the x-direction, a stress balance over the interface gives

ηL
∂uLx
∂y

=

∣∣∣∣ ∂σ∂T
∣∣∣∣∂T∂x + ηG

∂uGx
∂y

(2.18)

which shows that the magnitude of the shear stress felt by the liquid is composed

of two terms; the surface tension gradient over the interface and shear induced by

the approaching gas flow. The ratio of these two terms was estimated¶¶ as(∣∣∣∣ ∂σ∂T
∣∣∣∣∂T∂x

)
/

(
ηG
∂uGx
∂y

)
= 21

which indicates that Marangoni stress is one order of magnitude larger than the

shear stress by the gas flow. To check the hypothesis that Marangoni stresses are

dominant, existing literature was assessed, both on experimental and numerical

aspects of the work.

(a) Minor et al. performed PIV measurements inside water droplets subject to an

approaching gas flow∗∗∗ [2]. It was shown that the gas flow induces a rotational

¶¶The calculation was based on ∂σ/∂T=1.5 ×10−4 N/m/K, ∂T/∂x = 4 K/mm. The

term ∂uGx /∂y was estimated as u∞/δ where u∞ is the free stream velocity (1 m/s) and δ

is the boundary layer thickness from the Blasius solution (0.6 mm).
∗∗∗The gas flow was saturated with moisture, to avoid evaporation of the drop.
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motion inside the droplet at the central plane of symmetry. The average liquid

velocities measured were in general about two orders of magnitude less than

the channel-averaged air velocity [2]. Extrapolating these numbers to our

system, internal velocities inside the droplet in the order of 1-10 mm/s could

be expected, which is in good agreements with our experiments (1-6 mm/s).

(b) Phadnis et al. performed numerical simulations of Marangoni flow inside a 1

mm water droplet with a temperature difference of 1 K between the base and

the top [54]. Here internal flow velocities inside the droplet in the order of 25

mm/s were found. This is in good agreement with our numerical simulations,

which show velocities up to 20 mm/s.

The scaling arguments together with the assessed literature show that Marangoni

convection is expected to be the dominant driver for internal flow in the drop.

Shear induced by the approaching gas flow is a secondary effect, which is more

significant for higher gas velocities. But this conclusion does not correspond with

our measurements, in which no Marangoni flows could be detected. Therefore in the

next section further analysis is performed, particularly on the role of surface active

species.

Role of surface active contaminants

The theoretical considerations presented in the previous section are not in agreement

with the experimental findings. In the experiments the contribution of Marangoni

stresses seems to be absent. In order to explain this, the presence of surface-active

contaminants on the interface must be taken into account. Low concentrations

of surface-active contaminants are almost unavoidable for water surfaces [56, 57].

Even when the experiments are carried out in a clean room it is very difficult to

control the amount of surfactants below the level above which thermal Marangoni

flow is suppressed. An estimation by Hu & Larson [22] predicts that a concentration

of 5 × 10−28 mol/mm2 is sufficient to reduce thermal Marangoni flow by a factor

100. One possible cause of contamination in the experiments is the plastic syringe

used to deposit the droplet on the plate. Plastics typically contain plasticizers (e.g.

phthalates, sebacates), which are polar molecules that can diffuse out of the material

over time. Once in the droplet the molecules diffuse towards the interface and reside

there. In an evaporating droplet thermal Marangoni flow induces a flow from the

base of the droplet towards the apex. This results in advection of surface active

species towards the top of the droplet. Now a positive surfactant concentration

gradient exists, which counteracts the thermal surface tension gradient.
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It seems therefore that the experimental results for internal flow inside a water

droplet are best compared to simulations where surface tension is considered con-

stant. Under these conditions reasonable agreement on the magnitude of internal

flows inside the droplet was obtained (compare Fig. 2.29b & Fig. 2.19). In addition

the predicted interface temperature seen in the simulations agrees qualitatively with

the thermographic images (compare Fig. 2.28 & Fig. 2.9i,j).
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2.7 Conclusion

Dedicated experiments and 2D simulations indicate that mass transfer is most in-

tense at the upwind side of the droplet, close to the three phase contact line. At

the downwind side of the drop wake formation and circulating flows occur in the

gas phase, which limit mass transfer. With increasing gas velocity the droplet

evaporation rate increases, which results in significant cooling of the droplet in-

terface because of the associated evaporation enthalpy. Now both heat and mass

transfer become limiting factors for evaporation. The droplet interface tempera-

ture becomes asymmetric by asymmetric evaporation, but also by the influence of

asymmetric internal flows in the droplet. A single internal roll cell was observed,

moving along with the dragging gas. The roll cell is driven by shear stress induced

by the approaching gas flow and not by thermo-capillarity, which is suppressed by

the presence of surface-active contaminants on the interface. Inside the droplet the

convection roll conveys warm liquid from the base of the plate towards the up-

wind side of the interface, effectively promoting internal heat transfer. The thermal

energy required for evaporation causes cooling of the plate and gives rise to heat

transfer from the flowing gas towards the droplet and the plate. Most of the heat

exchange between the droplet and the gas occurs via the plate, which acts as a ’fin’

for heat transfer. A lumped capacitance model was devised to estimate the heat

transport rates between the droplet, the plate and the gas phase. In addition an

empirical mass transfer correlation was derived for millimetre-sized water droplets

in an approaching gas flow, for Péclet numbers ranging from 1-30. Together these

relations improve our predictive capacity of the evaporation rate of droplets in an

approaching gas flow.





CHAPTER 3

Growth dynamics of boiling bubbles in a

mini-channel

Abstract

Experiments on the growth of elongated boiling bubbles were performed in a rect-

angular mini-channel of dimensions 80 × 3 × 0.5 mm3. In conjunction numerical

simulations were carried out for a square mini-channel of 1 × 0.2 × 0.2 mm3. Ex-

periments show an exponential dependence of the bubble length on time. The rate

of bubble growth depends on the fluid properties and on the wall superheat. Nu-

merical simulations show that a growing bubble confined in a channel attains an

elongated shape, forming a thin liquid film between the bubble and the wall. The

bubble grows by vaporization of this liquid film and by vaporization at the bubble

nose and rear parts in the superheated liquid layer close to the wall. In the liquid

film region local Nusselt numbers around 1.6 are found, indicating that heat transfer

in this region is near to that of pure conduction. Based on the insights gained from

the simulations an analytical model was devised, to explain the experimentally ob-

served bubble growth trends. Variations in the liquid properties were well captured

by the model. Variations of the wall superheat showed limited agreement with ex-

periments, which is mainly caused by uncertainties in the space and time-averaged

thermal conductance between the bubble and the wall.

65



66 CHAPTER 3. BOILING BUBBLES IN A MINI-CHANNEL

3.1 Introduction

Flow boiling has many potential applications in industry, due to its ability to trans-

port high heat fluxes over a low temperature difference. In the past decades there

has been increasing attention on miniaturization of flow boiling systems. Possible

applications are cooling of micro- & power electronics and other processes where high

cooling performance is limited by space and weight constraints, e.g. in the fields of

defence, aviation and spacecraft [10, 11]. Although flow boiling in mini-channels has

been studied for more than two decades, the understanding of its physical nature

is still not fully explored [12]. This is mainly due to the complex coupling of mass,

momentum and energy transport that occurs between different phases.

The complexity in the flow and temperature fields, and the lack of a complete

physical understanding of the processes, have led to different hypotheses to describe

the heat transfer [58, 59, 60]. Flow boiling heat transfer coefficients have experimen-

tally [61, 62] been shown to depend nearly exclusively on heat flux and saturation

pressure, similar to nucleate pool boiling heat transfer, and only slightly depend on

mass flux and vapour quality. This has made some researchers [61, 62] conclude that

nucleate boiling controls vaporization in mini-channels. Other experiments [63, 64]

indicated a dependence on the mass flux and vapour quality, but not on the heat flux,

which led to the conclusion that convective boiling was dominant. Kandlikar [59],

who made a review of several data sets in literature, observed both dependencies

and concluded that both nucleate and convective boiling are important mechanisms;

the former would be dominant at low vapour quality, while the latter becomes in-

creasingly more important at higher vapour qualities. Later, transient vaporization

of the thin liquid films surrounding elongated bubbles was proposed as the dominant

heat transfer mechanism by Jacobi & Thome [60]. This shows that more research

is needed to reach consensus on the governing mechanisms of mini-channel boiling.

One reason for the disagreement found between different researchers lies in the

limited temporal and spatial resolution of commonly used experimental techniques.

In a typical flow boiling experiment (e.g. [63]) the overall heat transfer coefficient

〈h〉 is determined as

〈h〉 =
〈q′〉

〈TW 〉 − TS
(3.1)

with 〈q′〉 being the time and space averaged heat flux, 〈TW 〉 the time and space-

averaged wall temperature and TS the fluid saturation temperature. Due to averag-

ing q′ and TW and by presuming TS to be uniform and constant, detailed information

on temporal and spatial variations of h over the channel length and/or over time is



3.1. INTRODUCTION 67

lost. This leaves the individual contribution of various sub-mechanisms (e.g. single

phase convection, nucleation, two phase flow, film vaporization and dryout) unclear

[12].

A second reason for these uncertainties is the wide variation in design of exper-

imental test rigs used [65], of which details are sometimes omitted in publications.

Seemingly unimportant details, such as the wall roughness [66], compressibility of

interconnecting tubing [67] and the amount of dissolved gasses present in the fluid

[68] may have a profound impact on the overall results. By omitting such informa-

tion in publications seemingly identical conditions may result in different outcomes,

which complicates their interpretation. Fortunately the situation has improved in

the past decade; guidelines for reporting experimental results have been established

[69] and standardized experimental facilities are in place [70, 71], allowing bench-

marking of experimental results among different researchers. Due to developments

in micro-fabrication, novel measurement capabilities have become available, such as

micro heater arrays, enabling detailed measurement of the local heat flux close to a

vapour bubble [58]. In addition, other techniques like microscale infrared imaging

[72], borescope imaging [73] and confocal laser film thickness measurements [74] are

being applied to mini-channel flow boiling, leading to detailed measurements of the

wall temperature, bubble geometry and liquid film thickness under diabatic condi-

tions. At the same time also numerical simulation capabilities have improved, which

has resulted in several interesting publications giving insight in the sub-processes of

boiling in unprecedented detail [75, 76, 77].

There is general consensus that the dominant mechanisms of boiling in mini-

channels are flow-pattern dependent [78]. Thome and Consolini [79] discussed var-

ious modes of heat transport and proposed the following: (1) nucleate boiling and

liquid convection are dominant in bubbly flow, (2) liquid film vaporization and con-

vection to the liquid slugs prevail in the elongated bubble regime, (3) laminar or

turbulent convective film vaporization is dominant in annular flow and (4) vapour

heat transfer with liquid impingement governs in mist flow. In this work our atten-

tion focuses specifically on the elongated bubble regime, which is characterized by

an intermittent passage of vapour plugs followed by liquid slugs. This flow pattern is

of particular interest due to its relatively well-behaved hydrodynamics. This allows

a comparison between measurements and numerical simulations, which is far more

challenging for other flow patterns, such as churn-, wispy- and annular flow. In

the coming paragraphs relevant literature on the elongated bubble regime is briefly

reviewed. After that our specific research questions are mentioned and the approach

to answer the questions is addressed.
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Bigham and Moghaddam [12] investigated the heat flux towards an elongated

vapour bubble using micro heater arrays, which also function as temperature sensors.

Their results demonstrate that four mechanisms contribute to the heat transfer: (1)

Convection upon passage of the liquid slug. During this event the heat flux shows

single phase behaviour. (2) Thin film vaporization. This mechanism starts when

the nose of the bubble reaches the sensor where the heat flux increases suddenly

to a maximum value and then decreases to a plateau with small fluctuations for a

while. After this plateau, a rapid decrease in heat flux occurs, which was due to

the observed partial dry-out underneath the bubble. (3) transient heat conduction

in the solid wall. This mechanism works when the rear of the bubble passes over

the sensor and re-wets the dry patch underneath the bubble. At the time instant of

rewetting the heat flux momentarily exhibits a sharp increase, flowed by a sudden

decrease to the steady state single phase value when the liquid slug wets the sensor

completely. However, the observations made by Bigham and Moghaddam are not

universal, because they are influenced by the occurrence of dryout. During the

dryout period the instantaneous heat flux towards the fluid is lower than the time-

averaged heat flux, which allows the wall to ’charge up’ thermal energy by increasing

its temperature. Upon re-wetting this accumulated heat is subsequently released,

leading to an instantaneous heat flux higher than the average. If the wall would

remain wetted at all times (no dryout), less fluctuations in the heat flux would be

expected.

Dryout was avoided by Magnini and Thome [80], who performed numerical sim-

ulations of bubble growth for the elongated bubble regime at lower heat fluxes.

The effects of vapour quality, heat flux, mass flux, channel diameter and satura-

tion temperature were investigated. They showed that heat transfer from the wall

towards the fluid occurs predominantly via vaporization of the liquid film between

the vapour bubble and the wall, supported by convective heat transfer towards the

liquid slugs. Heat transfer is enhanced by flow conditions that promote a thin film

surrounding the elongated bubbles and by the flow within short liquid slugs between

the bubbles. The simulations showed that as the vapour bubble grows the bubble

velocity increases, leading to a higher liquid film thickness at the bubble nose, which

was in good agreement with measurements by Han and Shikazono [74]. Magnini and

Matar [81] investigated the impact of channel geometry on mini-channel boiling heat

transfer in a follow-up paper. In contrast to circular channels, rectangular channels

exhibit a non-uniform perimetral distribution of the liquid film surrounding the

bubble, which depends on the bubble capillary number. This non-uniformity leads

to higher heat fluxes and quicker onset of dryout at the positions where the film
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thickness has a minimum.

The studies mentioned above indicate that the dominant heat transfer mecha-

nism in the elongated bubble regime is thin film vaporization. This makes the heat

transfer resistance between the wall and the liquid-vapour interface of the bubble a

crucial factor in the boiling process. Some studies have suggested that heat trans-

fer between the bubble and the wall mainly takes place by heat conduction over

the thin liquid film [17, 12, 80]. Unfortunately the heat transfer resistance between

the bubble and the wall was not measured in most previous experimental studies.

Instead the overall (time and space averaged) heat transfer resistance of the entire

fluid (multiple bubbles plus liquid slugs) was typically the focal point. The latter

approach gives good insight in the overall cooling performance of the channel, but

does not consider heat transfer towards individual bubbles. In our experiment the

instantaneous volume increase of an individual bubble is carefully measured over

time. The volume increase of the bubble is a direct measure for the average heat

flux through the bubble perimeter. The experiment thus provides us with ’global’

information, revealing the average heat flux over the bubble interface. To help fur-

ther explain these results, ’local’ information on the liquid film topology and heat

flux is provided by 3D numerical simulations. The channel dimensions in the simula-

tion are smaller than in the experiment due to computer memory limitations, which

prevents a direct comparison between the two. To facilitate an interpretation of the

experimentally observed bubble size histories an analytical model for the bubble size

evolution was devised, based on insights gained from the simulations. In the final

section of the work this model is compared with the measurements and their agree-

ment is discussed. Together the experimental and numerical results improve our

insight in the heat transfer mechanisms of boiling bubble growth in mini-channels.

The chapter is structured as follows. In Section 3.2 the experimental test rig and

the measurement rationale are discussed. In Section 3.3 the experimental results

are presented, after which the numerical results are discussed in Section 3.4. An

analysis of the results follows in Section 3.5, where the measured bubble growth rate

is interpreted with an analytical model. The main findings are stated in Section 3.6.
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3.2 Materials & methods

Bubble growth measurements took place in a rectangular groove machined into

a borosilicate glass cover (see Fig. 3.1). The cover was pressed against a thick

copper block and sealed by a rubber gasket. The copper block was heated from the

back by a resistive heating element, powered by a variable autotransformer. The

entire assembly (copper block, glass cover and heating element) was placed inside

a Teflon housing for thermal insulation. The wall temperature was measured at

7 axial positions using J-type thermocouples, which were precisely fitted into the

copper block using thermal paste and fasteners. Inlet and outlet pressures were

monitored using absolute pressure sensors at 10 kHz frequency. The measurement

accuracy of the sensors was ± 0.5 K and ± 2.0 kPa respectively. Fluid flow was

provided by a peristaltic pump coupled to a pulse dampener to insure a constant

inlet pressure (see Fig. 3.2). The liquids were degassed prior to the experiment by

boiling for several minutes followed by storage under argon atmosphere. During the

experiments re-uptake of non-condensible gasses (oxygen, carbon-dioxide) by the

liquid was minimized by flushing the head-space of the liquid storage vessel with

nitrogen gas. The liquid-vapour mixture exiting the channel was condensed and

collected in a closed flask.

Complete 
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insulation)
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assemby

(no insulation)

Glass window 

Heater

Copper

 body

Microchannel 

groove
Teflon 

insulation

Steel

 cover

Gasket 

Figure 3.1: Sketches of the measurement section. The mini-channel groove present

in the glass window has a size of 80 × 3.0 × 0.5 mm (length, width, height). The

window is clamped against a copper body, which is heated from the backside by a

resistive heating element.
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Figure 3.2: Schematic overview of peripheral equipment used for vapour bubble

growth measurements.

The channel wall consists of a groove in borosilicate, clamped to a copper block.

This results in nearly single-sided heating, because the thermal conductivity of the

glass is much lower than that of the copper body. To verify this assumption a 2D

heat conduction simulation was performed, using the exact geometry of the test rig

(see Fig. 3.3); details of the boundary conditions can be found in the caption. In

Fig. 3.4 the resulting temperature field in the geometry is shown. Analysis of the

simulation indicates that ≈ 93 % of the heat enters the channel through the bottom

wall, with the remainder entering through the side and top walls. A quick check was

performed to assess the sensitivity of the simulation outcome to the thermal bound-

ary conditions. If instead a convective (Robin) boundary condition was applied to

the channel walls, using a realistic boiling heat transfer coefficient of 10 KW/m2K,

the perimetral heat flux distribution would be approximately unchanged (max. 2%

difference).

Thermocouples were calibrated outside the test rig using ice and boiling water

as references. Next the thermocouples were inserted into the copper block at a

position slightly below the channel wall, which leads to an offset εTC between the

measured temperature and the true wall temperature (see Fig. 3.3, ‘thermocouple

tip’). Upon examining a cross section of the test rig in 2D (see Fig. 3.4), it can

be seen that the temperature field in the copper block close to the thermocouples

is approximately axially symmetric, with the channel centerline taken as the origin.

Using the simulation model the temperature offset was calculated as a function of



72 CHAPTER 3. BOILING BUBBLES IN A MINI-CHANNEL

Copper body Glass cover

Channel groove Thermocouple 

tip 

Uniform heat 

flux

Zero 

heat flux
Zero 

heat flux

Zero Heat flux

Prescribed 

temperature
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Figure 3.3: 2D slice of the test-rig used for bubble growth measurements, as imple-

mented in COMSOL R©. The channel points perpendicularly to the paper. Features

of the geometry are indicated in black, while the thermal boundary conditions used

are indicated in red and blue. The channel wall temperature was prescribed to a

383 K, which is 10 K above the saturation temperature of water. The heat flux

entering the bottom of the copper body was 5×104 W/m2, corresponding to actual

experimental conditions.

Temperature (°C)

Heat flux 

vector

Figure 3.4: Simulation results, showing the 2D temperature field (in grayscale) and

heat flux magnitude (black arrows) inside the test rig geometry, for the boundary

conditions shown in Fig. 3.3. The heat flux magnitude features logarithmic scaling.

heat flux q′, allowing correction of the thermocouple readings (see Fig. 3.5b). The

numerical results show close resemblance with the analytical solution for radial heat

conduction in a cylindrical shell with a prescribed inner and outer temperature [50],
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Figure 3.5: Left: Sketch featuring a cross section of the test rig, indicating the

parameters used in Eqn. 3.2. Right: Assessment of the temperature offset εTC
between the channel wall and the thermocouple, which is located at r = 3.4±0.5

mm away from the channel wall. For increasing heat flux the perceived temperature

begins to deviate from the true wall temperature by several Kelvin. The uncertainty

in εTC (error bars) stems from uncertainty in the exact position of the thermocouple

tip.

although the agreement is not exact. The analytical solution is

εTC = TW − TTC =
q′ W ln(2r/H)

2πλS
(3.2)

were TW is the true wall temperature, TTC is the temperature as perceived by the

thermocouple, W and H are the channel width and height respectively. λS is the

thermal conductivity of the body and r is the shortest radial distance between the

channel centerline and the thermocouple tip, as indicated in Fig. 3.5a. The measure-

ment uncertainty in the temperature readings was established by considering that

the true location of the thermocouple tip inside the copper block has a placement

uncertainty of ± 0.5 mm. The required temperature correction for our measure-

ments was found to lie in the range of 0.2-2.1 K, depending on the heat flux (see

Fig. 3.5b, ’experimental range’).
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Heat losses towards the environment were determined by a series of calibrations,

following the same procedure as Kandlikar et al. [78]. The heater was set to a

certain power input without applying any fluid flow to the mini-channel. Next the

temperature of the setup was allowed to reach a steady state. At steady state all en-

ergy input from the heater was lost to the environment. By repeating this procedure

for several heater settings, a relation between the test section (mean) temperature

and the heat losses has been established. In the experiments the heat input towards

the mini-channel was taken as the total power input minus the energy loss, which

typically amounted up to 20-30 % of the total, depending on the temperature. Most

of this heat loss was suspected to occur over the viewing section, as here thermal

insulation could not be applied without restricting optical access. The pump was

calibrated gravimetrically by determining the time required to displace a given mass

of fluid. Visualization of the vapour bubbles was done using a high speed camera

coupled to a macro lens at a frame rate of 2 KHz. Illumination was provided by two

halogen lights, aimed at the glass cover ± 30 degree angles relative to the normal

to the glass cover. This resulted in reflection of light from the curved gas-liquid

interface, highlighting the position of the bubble on the images. Analysis of the

high speed images was performed in MATLAB using a dedicated routine developed

in-house. The accuracy of the bubble detection depends on the magnification, pixel

size and the intensity dynamic range. With our setup we can resolve ± 150 µm,

hence a good accuracy (< 3 % error) on the length of a centimeter-sized bubble is

obtained.

Measurements were performed by setting a constant liquid inlet velocity, after

which the wall temperature was increased such that spontaneous boiling of the fluid

took place in the slug flow regime. The liquid enters the channel in a subcooled

state, the length of the subcooled region depending on the wall temperature. Nu-

cleation of the bubbles would take place right after the subcooled region on the

microscopic roughness naturally present at the channel wall. The system was al-

lowed to equilibrate until the thermocouple readings became approximately constant

in time. Subsequently, high speed images of bubble growth were recorded for that

specific set of conditions. Bubble size histories were determined for three fluids;

water, isopropanol (IPA) and methoxy-nonafluorbutane (MNFB) for several wall

temperatures. For each fluid the slug flow regime could only be maintained in a

certain range of wall temperatures. A lower temperature results in bubbly flow,

while higher temperatures initiate a transition to annular flow. Thermophysical

properties of the fluids can be found in Table 3.1.
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Water IPA MNFB

liquid vapour liquid vapour liquid vapour

Mass density ρL|ρV , (kg/m3) 995 0.6 786 1.9 1520 8.2

Dyn. viscosity ηL|ηV , (Pa s) 2.8×10−4 1.2×10−5 8.9×10−4 1.1×10−5 5.8×10−4 1.6×10−5

Therm. cond. λL(W/mK) 0.68 0.14 0.069

Spec. heat CpL, (J/kgK) 4250 3300 1170

Sat. temperature TS , (
◦C) 100.0 82.6 61.0

Enthalpy of evap. L, (J/kg) 2.45×106 6.64×105 1.25×105

Surface tension σ, (N/m) 5.89×10−2 1.59×10−2 1.36×10−2

Table 3.1: Thermophysical properties of water, isopropanol (IPA) and methoxy-

nonafluorbutane (MNFB) evaluated at TS .
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3.3 Experimental results

In this section experiments are presented on the growth and dynamics of elongated

vapour bubbles in a mini-channel. First the general trends and relevant observations

seen in the high speed images are discussed in Section 3.3.1. A more quantitative

assessment of the bubble growth rates is made in Section 3.3.2.

3.3.1 Bubble dynamics

As liquid enters the channel at room temperature, boiling of the fluid starts in the

subcooled state. After nucleation, the spherical bubbles quickly grow in volume

until their size is sufficient to occupy nearly the full channel cross section. After

that moment bubble growth takes place in the axial direction only. Now the bubble

stretches and deforms from a spherical nucleate into an elongated vapour slug (see

Fig. 3.6). During growth of the elongated bubble its rear typically moves with the

liquid superficial velocity, while the bubble nose rapidly moves in the downsteam

direction. The vapour bubble continues to grow in length until its nose reaches the

channel exit and the bubble flows out of the channel.

The bubble rear shows limited curvature; the bubble front is typically curved,

with its curvature increasing in time. This increase in curvature is likely the result

of acceleration of the liquid slug downstream of the bubble, which leads to a sharper

parabolic velocity profile in the liquid slug to which the bubble interface conforms

itself.

In the experiments it was observed that the bottom wall does not remain com-

pletely wetted at all times, as dry patches, liquid drops and rivulets could be ob-

served inside the bubble perimeter (see Fig. 3.7). In some cases the bubble rear

would temporarily deform, due to pinning of the interface to the local roughness

present on the wall (see Fig. 3.7, t = 82 ms). The visualization of these dryout

phenomena could be improved by re-focussing the light from direct to inclined illu-

mination (see Fig 3.8a); which made it possible to observe the gas-liquid interface

and thin film dynamics in more detail. In Fig. 3.9 a time series of high speed im-

ages is shown for water as working fluid, using inclined illumination. In the images

dryout can be percieved at the bubble rear and lateral edges, which show a signif-

icantly lighter shade of gray as compared to the bubble centerline. Already in the

preliminary stages of growth (t = 14 ms) dryout can be observed at the bubble rear,

indicated by the light-gray patches. At later times (t > 26 ms) dryout also took

place at the lateral edges of the bubble, which show a de-wetting front moving from
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the edges of the bubble towards the centerline. Based on the images dewetting of

the bottom and top wall of the channel could not be distinguished. While having

similar wetting characteristics, de-wetting of the heated wall (bottom) is more likely,

as vaporization of the film takes place on this wall. An interpretation of the ob-

served dryout behaviour is shown in Fig. 3.8b. For water dryout could be observed

at all values of wall temperature, while for IPA and MNFB dryout was only seen

at the highest wall temperatures considered. A possible explanation for this are the

differences in physical properties between the fluids (see Table 3.1). In particular,

water has the lowest capillary number of the three fluids considered, which results

in a thinner liquid film, being more prone to rupture. The bubble capillary num-

ber, defined as CaB = ηuB/σ, with ηL and σ being the liquid viscosity and surface

tension coefficient and uB being the bubble tip velocity, is equal to 7 × 10−4 for

water, 8 × 10−3 for IPA and 6 × 10−3 for MNFB ( with uB being the bubble tip

velocity assumed to be equal to the superficial liquid inlet velocity). The estimated

film thickness for these fluids is then 0.5 %, 2.4 % and 2.1 % of the channel height

respectively (based on a correlation by [82]). Hence the film thickness around a

vapour bubble in water is expected to be a factor 4-5 lower than for the other fluids.

In the discussion section the effect of dryout on heat transfer is discussed further.
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53 ms

82 ms

0 ms

Liquid drops Contact line pinning

Figure 3.7: Observations of dryout of the liquid film between the bubble and the

wall, in which liquid drops are seen within the bubble perimeter. Occasionally the

contact line pins to a local roughness on wall, leading to deformation of the bubble

rear. For clarity the droplet perimeter, contact line and droplet contours are traced

in yellow.

Direct 

illumination

Inclined 

illumination

(a) Ilumination modes

Bubble Liquid film

Dryout

g
Heated wall

(b) Interpretation of dryout

Figure 3.8: Left: Different illumination modes used in the high speed imaging of

boiling bubbles. Right: Interpretation of the observed dryout dynamics, featuring

a cross-section of the channel showing the distribution of the liquid film between

the bubble and the wall. The liquid film is curved; under the influence of heating

the film thickness becomes zero close to the corners of the bottom wall, leading to

de-wetting.
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3.3.2 Bubble growth rate

In order to make a more quantitative assessment of the bubble growth rate, the

length of the vapour slugs was tracked in time, for the three working fluids at various

wall temperatures. In Figs. 3.10, 3.11 & 3.12 bubble size evolutions are shown for

water, IPA and MNFB respectively. For reasons of clarity not all experiments were

included, which would have resulted in numerous overlapping curves. The bubble

length LB is normalized with the initial length LB(0), which is the first high speed

image frame at which the bubble size exceeded the channel width (3 mm). The

different curves in each graph represent measurements at increasing wall superheat

∆T , defined as ∆T = TW − TS , where TW and TS are the wall temperature and

saturation temperature of the fluid respectively. Within each graph it can be seen

that an increase in the wall superheat leads to faster growth of the vapor bubble. The

shape of the curves resembles an exponential, which is most noticeable for water (See

Fig 3.10). When comparing the different fluids among each other, two important

observations can be made. Firstly, the time-scale on the horizontal axis of Figs. 3.10,

3.11 & 3.12 becomes progressively larger, from 30 ms for water, to 50 ms for IPA

and 100 ms for MNFB. Secondly, the vertical of the graphs show that the elongation

(LB/LB(0)) becomes progressively smaller, from a factor 12 (water) to a factor 4

(IPA), down to a factor 2 for MNFB. Together, these observations reveal a drastic

difference in the growth rate dLB/dt of the vapour bubbles among the different

fluids. Hence, the wall superheat and the thermophysical properties of the fluid are

important parameters that govern the growth rate of a vapour bubble in the slug

flow regime. Since the curves in Figs. 3.10-3.12 resemble an exponential dependence,

all measurements were curve fitted as L/L0 = et/τBG , where τBG is considered the

’bubble growth time constant’. In Fig. 3.13 this growth time constant is plotted

versus ∆T for the three fluids under consideration. Contrary to Figs. 3.10- 3.12,

this time all measurement data was included, which results in n=98 data points.

The graph shows a correlation between the growth constant and the wall excess

temperature, depending on the working fluid in question.

In the discussion section the experimental growth time constant τBG shown here

will be compared to a theoretical prediction, based on an energy balance over the

bubble perimeter. In the process of comparing the measurements with theory, the

governing mechanisms which drive bubble growth are systematically discussed. But

before that, first numerical simulations of bubble growth are presented in the next

section.
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Figure 3.10: Size evolution of water vapour bubbles in the slug flow regime for

increasing wall superheat.
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Figure 3.11: Size evolution of isopropanol (IPA) vapour bubbles in the slug flow

regime for increasing wall superheat.
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Figure 3.12: Size evolution of methoxy-nonafluorbutane (MNFB) vapour bubbles in

the slug flow regime for increasing wall superheat.
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Figure 3.13: Bubble growth time constant τBG versus the excess wall temperature

∆T , for bubble growth in the slug flow regime determined for three different fluids.
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3.4 Numerical results

The experimental results presented in Section 3.3 show the growth of a vapour bub-

ble in a channel, a process which is believed to be driven by heat transfer in the thin

liquid film squeezed between the bubble and the wall. Existing literature ([12, 80])

has suggested that minichannel boiling heat transfer is dominated by thin film va-

porization and that heat transport within this liquid film occurs predominantly by

diffusion. These assertions are difficult to verify experimentally, as hydrodynamic

and thermodynamic quantities inside the liquid film are not easily assessed using

conventional experimental techniques, due to the small time and length scales in-

volved. This is why numerical simulations will be employed to provide details. The

simulation results shown in this section were obtained by re-analyzing existing sim-

ulation data provided by Rajkotwala [83], placing special emphasis on heat transfer

between the bubble and the wall. The sub-questions for this examination are a) to

assess the relative contribution of thin film vaporization on the heat flux towards the

bubble and b) to identify the dominant heat transfer mechanisms within this film,

being either convective, diffusive, or both. These findings help the interpretation of

the experimental results later on.

3.4.1 Simulation setup

The simulations are based on a local front reconstruction method, in which the

gas-liquid interface is tracked explicitly using an unstructured Lagrangian mesh.

Simulations were performed for a steam-water system, using its true physical prop-

erties. In the simulations a spherical vapour bubble of 20 µm is initialized at the

entrance of a square channel of dimensions 200 × 200 × 1000 µm (width, depth,

length). The grid size and time step were taken 2 µm and 0.2 µs respectively. A

laminar flow is present in the channel from left to right, which advects the bubble

towards the channel exit. The liquid entering the channel has an excess temperature

of 2 K relative to the boiling point of the fluid. The channel walls are maintained at

a uniform excess temperature of 5, 8 or 10 K, depending on the simulation case. The

initial velocity- and temperature fields in the domain are fully developed. As time

proceeds the vapour bubble grows into an elongated vapour slug, which occupies

nearly the full channel cross section. This results in the formation of a thin liquid

film between the bubble and the wall. Four simulation cases are considered, which

have been listed in Table 3.2. Case 1 is considered the reference case. In cases 2-3

the wall temperature is varied, while case 4 deals with a variation in the liquid inlet
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velocity.

Case TW − TS (K) ReIN
1 8 100

2 5 100

3 10 100

4 8 200

Table 3.2: Conditions governing the four simulation test cases, with TW and TS
being the wall and saturation temperature and ReIN the channel inlet Reynolds

number, with the channel width as characteristic length scale.

Comparison with experimental setup

Before proceeding to the numerical results, first the similarities and differences be-

tween the simulation setup and our experiments must be addressed. This helps to

recognize if and to which extent trends and conclusions drawn from the simulations

are also applicable to the experiments.

In Table 3.3 the relevant dimensionless numbers for both systems are compared∗.

In the experiment the channel has a larger hydraulic diameter (factor 4.3), which

explains the differences in the Reynolds and Weber numbers. Nonetheless, as Re <

500 andWe < 1 the simulations and experiments both operate in the same regime, in

which inertia is dominated by viscous forces and surface tension forces respectively.

The capillary number is similar in both cases, as the fluid inlet velocity in both cases

is nearly the same. In the simulations gravity was not accounted for (hence Bo =

0). The impact of this difference is considered not too large, as in the experiment

gravity is dominated by surface tension forces (Bo < 1), making the influence of

gravity limited. The Jacob number is identical in both cases, depending only on the

physical properties of the fluid.

In Table 3.4 a more detailed analysis of the differences in geometry, thermal

and flow inlet-, boundary- and initial conditions and the bubble initiation modes

are listed. Despite several differences being present, the most notable one is the

channel aspect ratio. In the experiments the channel width is 6 times its height,

while the channel length is ≈ 93 times its hydraulic diameter. In the simulations the

∗In principle scaling of multi-phase diabatic flows requires correspondence on 18 di-

mensionless groups, as was shown by Priems [84]. For minichannel boiling studies the five

groups listed in Table 3.3 are considered most relevant.
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Experiments Simulations Ratio (E/S)

Re = ρLuINDh/ηL 4.7× 102 1.0× 102 4.7

Ca = ηLuIN/σ 7.3× 10−4 6.7× 10−4 1.1

Bo = ∆ρgD2
h/σ 1.2× 10−1 0 -

We = ρLu
2
INDh/σ 3.4× 10−1 6.7× 10−2 5.1

Ja = CpL∆T/L 1.7× 10−2 1.7× 10−2 1

Table 3.3: Comparison of dimensionless numbers between the experiment (this work)

and simulations (Rajkotwala [83]).

channel is squared and has a length 5 times Dh. The consequences of this are that in

the experiment a) vapour bubbles have a flatter shape and b) that vapour bubbles

of significant elongation can be obtained, while in the simulations relatively short

and nearly axi-symmetric bubbles prevail. It is known [85] that elongated bubbles

enter a ’flat film region’ at elongations exceeding 10 times the channel hydraulic

diameter, in which the film thickness becomes nearly constant in the axial direction.

For shorter bubbles this is not yet the case, as the curvature of the bubble nose

and rear largely dictate the bubble shape. Therefore, the dynamics of the liquid

film from the simulations can only be compared with the experiments for shorter

bubbles, having similar aspect ratios.

Experiments Simulations

Channel geometry
Rectangular channel

80 x 3.0 x 0.5 mm, Dh= 0.86 mm

Square channel

1 x 0.2 x 0.2 mm, Dh= 0.20 mm

Inlet conditions

Inlet velocity field

not precisely known

Uniform inlet temperature,

subcooled

Parabolic velocity profile

Uniform inlet temperature,

superheated

Boundary conditions

Bottom wall is maintained

at T = Const., top and sides

are near-adiabatic.

All walls are maintained

at T=Const.

Initial conditions

Velocity field is developed

Temperature field

is developing

Velocity field is developed

Temperature field

is developed

Initiation mode of

vapour bubble

Spontaneous, by nucleation

in channel corner

Bubble already present

in the center of the channel

Table 3.4: Comparison of geometry inlet-, boundary-, and initial conditions between

experiments (this work) and simulations (Rajkotwala [83]) .
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Having provided the relevant context on the simulation setup, the numerical

results are now presented. In Section 3.4.2 the bubble growth dynamics are discussed

in general for the reference case (case 1). In section 3.4.3 the relative contribution of

thin film vaporization is assessed (sub-question a). In section 3.4.4 the heat transfer

mechanisms which take place within the liquid film region are addressed in more

detail (sub-question b).

3.4.2 Bubble dynamics

In Figure 3.14 closer examination is made of wall heat transfer rate in relation to the

bubble geometry. In Fig. 3.14a the bubble shape is shown at four different times,

starting from a spherical bubble (at t = 0 ms) which grows towards a vapour slug

approaching the domain exit (at t = 0.36 ms). The figure represents a 2D cross

section at the central plane of the channel. Only the bottom-part of the graph is

shown here, as the solution is perfectly symmetric in the mid-plane. Note that for

clarity reasons the figure is not to scale; in reality the channel length is 5 times the

channel width.

The thickness of the liquid film underneath the bubbles is presented in dimen-

sionless form in Fig. 3.14b. For the largest bubble (t = 0.36 ms) the film thickness

is roughly 5 % of the channel half-width. It can be seen that for at all times the

minimum of the film thickness as attained at the rear of the bubble, as indicated by

the red, blue and green triangles. In Fig. 3.15 a cross-sectional view of the channel is

shown, in which the perimetral film thickness distribution at various axial positions

for each time step is indicated. Notice that as the bubble first approaches the wall,

the gas-liquid interface becomes quite deformed, pressing itself against the wall and

forming a thin liquid film (see Fig. 3.15, t=0.18 ms, orange curve). At later times

the bubble regains a more circular cross-sectional profile.

The local Nusselt number at the central plane of the channel wall is shown in Fig.

3.14c. At the channel entrance the Nusselt number is high, but it quickly drops as

the temperature profile in the liquid develops. At the exit of the channel the Nusselt

number is exactly equal to the analytical solution [86], which predicts Nu∞ = 2.97.

Underneath the bubble Nu ranges from 60 - 150. The Nusselt number shows a

distinct ’spike’ at the positions of minimum film thickness. The highest ’spike’ in

Nu is found around t=0.18 ms at X = 0.30 mm. This is the location and time where

the bubble first contacts the wall. For clarity the minimum film thickness position

was added in Fig. 3.14c as a red, blue and green vertical line. By comparing the

film thickness and Nusselt number graphs, it becomes clear that the highest Nusselt
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Figure 3.14: Bubble shape, film thickness and Nusselt number evolution of a vapor

bubble growing in a mini-channel, for case 1. The figure represents a cross section

at the central plane of the channel.

numbers are obtained at the positions where the gas-liquid interface is closest to the

wall.
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Figure 3.15: Cross sectional view of the bubble shape at four time instances, at

various axial positions in the channel. For symmetry reasons only one quarter of

the channel is shown.
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3.4.3 Thermal contribution of thin film region

In the previous section it was illustrated that for case 1 the local Nusselt number

at the channel wall is augmented by the presence of the bubble. In this section the

wall heat transfer rates in relation to the bubble position are studied in more detail

for cases 1-3.

The simulations show that with increasing time the fraction of the channel length

occupied by the bubble increases (see Fig. 3.16a). The growth rate of the vapour

bubble (dLB/dt) is approximately constant in time and features two distinct regimes;

first (t < 0.15 ms) the bubble is spherical and it grows mainly by heat transfer

with the ’bulk’ liquid present in the channel center, which is superheated. In the

first regime there is little difference in the bubble growth rate between cases 1-

3, indicating that the bubble does not yet ’feel’ the presence of the heated wall.

Later (t > 0.15 ms), the bubble starts to deform into an elongated slug; now heat

transfer also takes place in the thermal boundary layer close to the wall, which

leads to augmentation of the bubble growth rate. In this regime a clear difference

between cases 1-3 can be observed, showing faster bubble growth with increasing

wall temperature. This is the expected trend for boiling bubbles, as represented by

the Jacob number in expressions for the bubble volume histories [55]. The transition

between the two regimes is triggered by the formation of a liquid film between the

bubble and the wall. In Fig. 3.16b the fraction of the channel wall covered by a

liquid film (thinner than 10 % of the channel half-width) is shown; initially this

fraction is zero as the bubble is still far away from the wall, but around t = 0.15 ms

the formation and subsequent rapid growth of a liquid film region is observed.

As a consequence of bubble growth and thin film formation the average heat

flux from the wall towards the fluid increases strongly. To quantify the relative

importance of the bubble position and the thin film region on heat transfer, the

heat flux in these sections was compared to the total heat flux occurring over the

full channel length. This analysis was performed in 1D at the central mid-plane of

the channel as

QB
QC

=

∫ xBT

xBR
Nu dx∫ L

0
Nu dx

,
QTF
QC

=

∫ xTF,T

xTF,R
Nu dx∫ L

0
Nu dx

(3.3)

where QC is the heat transfer rate at the channel midplane over the full channel

length, spanning from X = 0 to X = L. The terms QB and QTF are the heat

transfer rates at the channel midplane in the sections of the wall covered by the

bubble and by the thin liquid film respectively. These quantifies were obtained by

integrating Nu respecting the appropriate boundaries; xBR and xBR are the bubble
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Figure 3.16: Bubble growth (a), thin film formation (b) and relative heat transfer

rates (c,d) of the bubble-covered and thin-film-covered regions of the channel. Based

on a 1D analysis at the channel central midplane.
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rear and tip positions; xTF,R and xTF,T are the first and last positions respectively

in which the liquid film thickness is below 10% of the channel half-width. Note that

the analysis shown above could have equally well been performed using the heat

transfer coefficient instead of Nu, as the length scale and thermal conductivity drop

out in the ratio of Eqn. 3.3.

In Fig. 3.16c the relative heat transfer contribution of the bubble-covered region

is plotted versus the fraction of the channel length covered by the bubble. Initially

the curves coincide with the diagonal, indicating no significant augmentation of heat

transfer by the presence of the bubble. But as the fraction of the channel length

occupied by the bubble exceeds 15 % (i.e. the onset of thin film formation), a steep

increase in the contribution of the bubble-covered-region is observed. In Fig. 3.16d

the relative heat transfer contribution of the liquid-film-region is plotted versus

the fractional length of the channel wall wetted by the liquid film. A significant

contribution of the thin film region on the total heat transfer rate can be observed;

when only 20 % of the channel wall is covered by the film, 70-80 % of the heat transfer

takes place in this region. Interestingly the case with the lowest wall temperature

(case 1) shows the highest value of QTF /QC . Apparently a higher superheating

leads to an increased importance of the non-film regions of the flow. This will be

further examined below, via a local Nusselt number. After LTF /LC > 0.4 the three

cases show almost equal results. As ≈ 60 % of the channel length is wetted by the

thin film, about 90 % of the heat transfer occurs in this region. This indicates that

the heat flux which is obtained during mini-channel boiling is strongly related to

the fraction of the channel wall covered by a thin liquid film.

3.4.4 Prevailing transport mechanisms in the liquid film

Having assessed the relative importance of the thin film region on boiling heat

transfer in a mini-channel, we will now examine the mechanisms of heat transport

within this film, including the places near the rear and nose of the bubble, where

the film thickness approaches D/2. The analysis shown here will be performed in

1D based on the channel midplane, as was the case in the previous section.

To facilitate our analysis the Nusselt number is re-defined by taking the liquid

film thickness at the central midplane of the channel as the relevant length scale.

This leaves us with an alternative Nusselt number (Nu′ = hδ/λL), in which vari-

ations in the local film thickness are accounted for. In Fig. 3.17a Nu′ is plotted

versus the channel axial coordinate X at the channel midplane, for case 1 at vari-

ous times. For reference the 1D heat conduction limit (Nu′ = 1) and the Nusselt
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Figure 3.17: Nu′ and the number of grid points in the liquid film versus the channel

axial coordinate X, for a vapour bubble growing in a mini-channel (case 1). The

figure represents a cross section at the central plane of the channel.

number for fully developed single phase flow in a square channel (Nu∞ = 1.49) are

included in Fig. 3.17a. It can be seen that Nu′ never exceeds 6 and for most of the

bubble length its value lies between 0 and 2. For the largest bubble (at t=0.36 ms)

there is a region (0.45 < X < 0.75) in which Nu′ attains a near constant value of

1.64. This suggests that convective effects in the liquid film are of the same order

of magnitude as in fully developed single phase flow.

Notice that at some time instances and at some axial positions Nu′ < 1. The

first time instant in which Nu′ < 1 is at t=0.18 ms, when the bubble starts to

interact with the thermal boundary layer at the wall. At later times (t>0.18 ms)

Nusselt numbers smaller than unity are observed primarily at the bubble nose. To

understand why this is the case heat transfer at the bubble nose was examined. In

Fig. 3.18 a qualitative sketch is shown of the isoterms in the liquid film close to the

bubble nose. At locations where the film is flat (l.h.s. of the figure) and at locations
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Figure 3.18: Sketch of the isotherms in the liquid close to the nose of a vapour

bubble. At position a on the wall the curve which is perpendicular to the isotherms

ends at b on the vapour-liquid interface. The length of the curve, called s, is smaller

than the vertical distance from a towards the interface, called δ.

downstream of the the bubble nose (r.h.s. of the figure) the isoterms are mostly

horizontal. In the region of the the bubble nose the isotherms are horizontal close

to the wall, but close to the bubble they conform to the shape of the vapour-liquid

interface. Consider the curve s→ ~x(s) that satisfies

d~x

ds
= ~∇T/|~∇T |.

This is the curve that in each point is tangent to ~∇T . A point a is selected on the

solid wall that has a distance δ to the vapour-liquid interface that is less than D/2.

The curve above is constructed and the end point of the curve at the interface is

named b. The length of this curve is named s and it is given by∫ b

a

|d~x
ds
|ds

which because of the choice of the curve happens to be equal to∫ b

a

~∇T · d~x

For any curve the latter integral gives T (b)−T (a), which difference is named −∆T .

Because of fluid flow, the heat flux does not need to be constant on the selected
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curve. The average value of the heat flux component parallel to the curve, named

〈q〉s, equals minus λ times the integral
∫ b
a
~∇T ·d~x divided by the length of the curve,

s. This yields

〈q〉s = λ∆T/s

This gives the possibility to interpret the Nusselt number based on δ, Nu′, as a

weighed ratio of the heat flux at the wall and the average heat flux:

Nu′ =
δ

s

qwall
〈q〉s

.

For a thin liquid film (e.g. at the l.h.s. of Fig. 3.18) the ratio of δ to s is close

to 1. Near the nose of a vapour bubble, however, s is likely to be exceeded by δ

since the vapour-liquid interface is at constant temperature which implies that the

above curve ends normal to this interface (see Fig 3.18). If we were to neglect the

difference in qwall and the average heat flux 〈q〉s, Nu′ would be exceeding 1. Since

we find values less than 1 for Nu′ near the nose of the bubble, it must be that the

heat flux at the wall is less than the average value. The physical explanation for

this is that the nose of the bubble moves forward due to bubble growth, becoming

exposed to superheated liquid at nearly the same temperature as the wall, which

leads to a low value of the local heat flux at the wall. When the vapour-liquid

interface approaches this superheated liquid heat is released to the interface, which

is used for evaporation. This explains values of Nu′ less than 1 near the nose of the

bubble. A similar line of reason can of course be given for the rear of the bubble,

but this can only hold if the approaching liquid is superheated, as is the case in the

numerical simulations. If the liquid at the inlet is subcooled, as in the experiments,

evaporation near the bubble rear is less than with superheating and higher local

values of Nu′ might occur.

The accuracy of Nu′ at locations of small δ is not undisputed due to the grid

resolution of the simulation. Over the channel diameter 100 grid points were used,

which results in a limited number of grid points in the liquid at places where δ is

small (see Fig. 3.17b). At least 5 grid points would be preferred to resolve heat

transfer and fluid flow in the liquid film at reasonable accuracy, although the exact

number of grid points needed would depend on the numerical method used and

should be verified by a grid-dependence study. Therefore the results shown in Fig.

3.17a are indicative at best, requiring further study at a finer grid.

As discussed in Section 3.5.2 the channel aspect ratio L/Dh is much lower in

the simulations than in our experiments (5 versus 93). The bubbles observed in the

experiment are typically quite elongated, meaning that the influence of the bubble
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nose and tail is less than in the simulations, in which shorter bubbles prevail. This

makes it challenging to extrapolate conclusions drawn from the simulations towards

our experiments. Nonetheless, in most simulations cases the bubble would become

sufficiently elongated at the final time-step that a small but distinct ’flat-film region’

can be observed (see the blue line segment in Fig. 3.19). In this region bubble nose

and rear curvature effects are least pronounced, which allows for the fairest possible

comparison with experimental conditions. For case 1 & 2 a ’flat film region’ was

most clearly present. For case 3 no truly flat section was observed, so instead a

portion with constant slope was selected. The final bubble size in case 4 is rather

small, which allows only a small section of the interface to be considered flat.

0 0.2 0.4 0.6 0.8 1
0

0.05

2
/D

 (
-)

Case 1

0 0.2 0.4 0.6 0.8 1
0

0.05

Case 2

0 0.2 0.4 0.6 0.8 1
X (mm)

0

0.05

2
/D

 (
-)

Case 3

0 0.2 0.4 0.6 0.8 1
X (mm)

0

0.05

Case 4

Figure 3.19: Bubble shape profiles for the largest bubble shape (final timestep) in

each simulation case, obtained at t = 0.36, 0.48, 0.31 & 0.50 ms respectively. The

blue areas were considered the ’flat film region’ as here the bubble rear and nose

curvatures were least pronounced.

Case TW − TS(K) ReIN uB (m/s) (2δ)/D Nu′

1 8 100 2.63 0.057 1.64

2 5 100 2.15 0.045 1.38

3 10 100 2.87 0.059 1.66

4 8 200 1.53 0.054 1.69

Table 3.5: Dimensionless film thickness (2δ)/D and Nusselt number Nu′ in the ’flat

film region’, based on the bubble sections indicated in Fig. 3.19.

Based on the shaded sections indicated in Fig. 3.19, the film thickness and

Nusselt numbers for the flat film region were obtained (see Table 3.5). The film
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thickness in the ’flat film region’ ranges between 4-6 % of the channel half-width

depending on the conditions at play, which is similar to an existing correlation for

parallel plates by Aussillous and Quéré [82], which predicts 2δ/D ranging from 4-

7 % for the same conditions. The Nusselt number in the ’flat film region’ ranges

from 1.38-1.69†, indicating that heat transfer in this part is near to that of pure

conduction. It should be noted that these values are somewhat approximative,

since the liquid film was resolved using a limited amount of grid points (2-4), where

5 or more grid points would have been preferred. Nonetheless they provide some

insight in the dynamics of thin film heat transfer.

To conclude, in this section it was shown that growth of an elongated vapour

bubble in a mini-channel is governed by heat transfer in the liquid film and by the

degree of superheating downstream of the bubble nose. To investigate local heat

transfer in this film an alternative Nusselt number Nu′ was defined, taking δ as

the characteristic lengthscale. In the ’flat film region’, which is most relevant in

experiments, Nu′ ranges between 1.4-1.7, indicating that heat transfer in this part

is near to that of pure conduction. The low values of Nu′ near the nose and rear

of the bubble are a consequence of the superheating of the liquid near the wall

upstream and downstream of the bubble. In the experiments, the inlet temperature

of liquid is subcooled and superheating in the wake is not expected to occur.

†For case 3 the mean of δ in the blue area was taken as lengthscale.
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3.5 Analysis

The experiments presented in Section 3.3 indicate an exponential dependence be-

tween the length of a growing vapour bubble on time; the time constant of growth

was found to depend on the type of fluid and the wall excess temperature. In some

cases this time constant is so large that the dependence is in good approximation

linear. In this section an attempt is made to explain the experimental results with

a simple model. The numerical simulations (Section 3.4) have indicated that heat

transfer between the bubble and the hot wall is dominated by heat conduction

through the liquid film between the bubble and the wall. This knowledge is now

used to make a simple prediction of the bubble growth rate. After deriving the

model prediction in Section 3.5.1, the experimental observations will be compared

with the prediction in Section 3.5.2; next the similarities and differences between

the two will be discussed in Section 3.5.3. Finally the observations of dryout seen

in the experiments are examined further in Section 3.5.4.

3.5.1 Model of the bubble growth time scale

In first approximation the growth rate of the bubble can be estimated from an energy

balance over the bubble perimeter. Several ’engineering models’ of bubble growth

were found in existing literature [16, 17], but the fundamental basis of these models

was not clear. Therefore a derivation from first principles was performed, starting

from the first law of thermodynamics. In this section only a brief summary of the

model is given; its full derivation is attached as Appendix E.

Consider an elongated vapour bubble of length LB confined in a rectangular

channel of width W and height H, with a thin liquid film of thickness δ present

between the bubble and the wall (see Fig. 3.20). The channel walls are adiabatic

except for the bottom wall, which is assumed to have a uniform temperature TW
exceeding the saturation temperature of the liquid TS . The liquid downstream and

upstream the bubble is considered to be at TS , while inside the liquid film a linear

temperature profile between TW and TS is presumed. Because of the heat flux

towards the interface the bubble will grow by vaporization of the liquid film.

The heat flux from the hot wall towards the bubble can be written as

q′ ≈ λL

δ
∆T WLB (3.4)

where we used the fact that the channel is heated from the bottom only, making

the surface over which heat transfer takes place close to W × LB. In addition,
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Figure 3.20: Sketch of an elongated vapour bubble of length L confined in a channel

of width W and height H. The channel bottom has a uniform wall temperature TW ;

the other walls are considered adiabatic. The gas-liquid interface is at the saturation

temperature TS . Between the bubble and the wall a thin liquid film of thickness δ

is present over which heat transfer by conduction takes place.

it was presumed that heat transfer predominantly takes place by heat conduction

over the thin liquid film, having a space-averaged thickness δ. As the temperature

of the wall TW and the bubble interface temperature TS are prescribed, this gives

q′ = λL/δ(TW − TS). The mass increase of the bubble is related to the heat flux by

the enthalpy of vaporization as

WHρV dLB/dt︸ ︷︷ ︸
Bubble mass

time rate of change

× L︸︷︷︸
Enthalphy of
vaporization

=
λL

δ
∆TWLB︸ ︷︷ ︸

Heat flux

(3.5)

which is a first order differential equation in LB. Next Eqn. 3.5 is integrated using

the initial condition LB(t = 0) = LB(0), resulting in an exponential relation between

the bubble length and time

LB(t) = LB(0) et/τBG , τBG =
δLρVH
λL∆T

(3.6)

were τBG is the characteristic time scale for bubble growth. The variable δ is the

inverse of the time averaged inverse of δ, defined as (1
t

∫ t
0

1
δ
dt)−1, which accounts for

variations of the liquid film thickness over time. Equation 3.6 predicts that timescale

of growth is (1) proportional to the channel height (τBG ∼ H), (2) inversely pro-

portional the wall superheat (τBG ∼ 1/∆T ), (3) dependent on the thermo-physical
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properties of the evaporating fluid (τBG ∼ LρV /λL) and (4) proportional to the

thickness of the liquid film between the bubble and the channel wall (τBG ∼ δ). In

the coming section these predicted trends will be compared with the measurements.

3.5.2 Comparison of model with experiments

Having established a theoretical estimate of the bubble growth rate, this estimation

is now compared with the experiment. In order to evaluate Eqn. 3.6 an estimate had

to be given of the space and time averaged liquid film thickness δ. An attempt was

made to experimentally determine δ from the high speed images, but this turned out

not to be possible due to limitations in the camera’s spatial resolution (the expected

thickness is often less than one pixel). In addition the channel wall relevant for heat

transfer (bottom wall) lies parallel to the projection plane of the camera, making

visualization difficult. Therefore instead a correlation for δ was sought in existing

literature. For our specific channel geometry (rectangular channel; aspect ratio 6)

no correlations for δ were found, which is why a correlation for parallel plates was

adopted, based on the work of Aussillous & Quere [82],

2δ

H
=

1.34Ca
2/3
B

1 + 3.35Ca
2/3
B

(3.7)

with CaB = ηLuB/σ being the bubble capillary number, evaluated at the initial

bubble nose velocity uB.

In Fig. 3.21a the predicted bubble growth time constant (Eqn. 3.6) is plotted

against the measured time constant for the three fluids under consideration (n=98).

In most cases the measured growth constant exceeds the predicted value, meaning

that the bubble grows slower in reality as compared to our prediction. The degree of

(dis)agreement between the measured and predicted values depends on the fluid and

wall temperature considered. For all fluids it is seen that higher wall temperatures

lead to improved agreement between the measurements and predictions. In addition

some differences between fluids are observed. For IPA and MNFB the measured

and predicted values have a difference up to one order of magnitude. For water the

measured values are a factor 10-100 higher than predicted.

Upon inspection of τBG (Eqn. 3.6) the parameter subject to the largest uncer-

tainty in our model is the space and time averaged liquid film thickness δ. The

uncertainty in the other parameters is expected to be less than 10 %, as these are

either are physical constants (L, ρV , λL) or system properties (H, ∆T ). The corre-

lation for δ used here (Eqn. 3.7) may not be entirely appropriate, as it is based an
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Figure 3.21: Comparison between the measured bubble growth timescale τBG with

the predicted timescale by Eqn. 3.6, for three different fluids.

experiments for adiabatic flow (e.g. air-silicone oil) between parallel plates at a con-

stant flow velocity. Our experiment features diabatic flow (boiling) in a rectangular

channel at non-constant bubble velocity, which is more complex. In order to see

what the magnitude δ should be to make the model agree with our measurements,

δ was ’fitted’ for each fluid such that the data points in Fig 3.21a would be located

on the diagonal. The optimal values for δ/H were found to be ≈ 20 % for water and

≈ 10 % for IPA and MNFB (see Figure 3.21b). This is considerably larger than the

values of δ predicted by Eqn. 3.7, which are 0.5 % for water and 2-3% for IPA and

MNFB. Experiments by Rops [17] resulted a similar conclusion as shown here, with

the optimal fitted values of δ/H lying in the range of 10-15 %. This indicates that

correlations for δ based on adiabatic experiments at constant flow velocity (such as

Eqn. 3.6) do not describe the actual film dynamics in boiling.

The most important differences between our experiments and the conditions

under which Eqn. 3.7 were obtained are that

(a) in boiling acceleration of the bubble nose takes place. For flow of gas bubbles

in a channel at a constant superficial velocity velocity (no phase change) it is

known that the film thickness scales as δ ∼ Ca2/3, with Ca = ηLL̇B/σ and

L̇B the bubble nose velocity. But if the fluid in the channel is subject to ac-

celeration a different scaling is found. Han and Shikazono [74] found that for

this case (without phase change) δ ∼ Ca2/3/Bo0.41 with Bo being the Bond

number Bo = ρLL̈BD
2/σ based on the bubble nose acceleration L̈B. This
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indicates a high level of complexity, since δ ∼ L̇0.66
B /L̈0.41

B , i.e. the bubble ve-

locity and acceleration have opposite effects on the thickness of the liquid film.

Experiments in circular channels with phase change indicate that the above

mentioned scaling is still valid [87], although strong fluctuations in δ occur

due to the high vapour velocity and due to film vaporization. For rectangular

channels or parallel plate configurations no correlations for δ including phase

change or acceleration effects were found. Therefore a simple estimate of the

impact of the bubble velocity increase during growth will now be given based

on the δ ∼ Ca2/3 scaling law. In our experiments the initial bubble velocity

is close to the liquid inlet superficial velocity uIN , while its final nose velocity

is much larger. For water, IPA and MNFB the final velocity is on average a

factor 15.8, 4.3 and 2.6 higher than uB. Hence, the liquid film thickness at

the final time is expected to be a factor 6.3, 2.6 and 1.9 higher than the initial

thickness as predicted by Eqn. 3.7.

(b) in boiling vaporization occurs, which decreases δ in time. An energy balance

over a section of the film gives dδ/dt = λL∆T/(ρLLδ0) with δ0 the initial film

thickness. Over the total life time of the bubble the relative decrease in δ is

of the order dδ/dt× τBG/δ0, which is estimated to be a factor 4.6, 0.5 and 1.6

for water, IPA and MNFB respectively. As the film thickness approaches zero

rupture of the film can occur, leading to dryout as can be seen in Fig. 3.9.

(c) in a rectangular channel the liquid film formed around the bubble is not uni-

form (as opposed to parallel plates). It is known that in a channel with a

rectangular cross section δ does not acquire a uniform thickness because of

the presence of the corners. In the cross-sectional plane of the channel, the

liquid in the film drains from the central region of the walls toward the low-

pressure corners, through which liquid is passing at a relatively high axial

speed. This effect causes a parabolic shape in the interface of the bubble with

the maximum film thickness located at the centerline of the wall in the cross-

sectional plane. Between the crest of the parabola and the corner regions, two

valleys are formed along the bubble [85]. Simulations by Magnini et al. [81]

indicate that the film thickness which exists at the channel centerline δcenter

agrees reasonable well with Eqn. 3.7 (less than 10 % error). But the film

thickness at the minimum positions δmin is around 25-35 % of δcenter. Hence,

the width-averaged film thickness which actually occurs is a factor 2-3 lower

compared to a uniform film of thickness δcenter.

Overall this indicates that the use of Eqn. 3.7 to estimate the liquid film thickness
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is not entirely appropriate. To account for the true film dynamics in boiling (simul-

taneous bubble acceleration, film vaporization, dryout, draining flows) the spatial

and temporal variations in the film thickness must be accounted for. To achieve this

goal direct measurements of δ under flow boiling conditions and/or detailed numer-

ical simulations are required. Although such experiments have been performed [74],

they require specialized equipment and techniques (transparent channel walls, laser

interferometry) which are beyond scope of this thesis.

If strong temporal variations exist in δ also the functional form of Eqn. 3.6 (an

exponential) becomes questionable. If we consider δ(t) to be the space-averaged

liquid film thickness over the bubble length depending on time, then the solution

to Eqn. 3.5 becomes of the form d(ln(LB))/dt = βC(t). Here β is a constant,

defined as ∆T/(LρVH) and C(t) is the time-averaged thermal conductance of the

liquid film, defined as 1
t

∫ t
0
λL

δ(t)
dt. This shows that when temporal variations in δ

are significant one does not necessarily obtain an exponential trend as predicted by

Eqn. 3.6 because C(t) is not equal to λL/δ, due to the averaging involved in the

former.

Besides difficulties in estimating the parameters of the model (e.g. the thermal

conductance C) other uncertainties may exist due to assumptions made in the model

derivation. In the derivation of Eqn. 3.6 several assumptions were made, which

require more thorough examination to make a fair judgement of their validity. The

main assumptions are:

1. The liquid surrounding the bubble is at the saturation temperature;

2. The wall temperature is constant and uniform;

3. The gas-liquid interface temperature is constant and uniform;

In the next section the assumptions listed above will be revisited one by one. This

improves our insight into factors which attribute to the growth of vapour bubbles

in a mini-channel.

3.5.3 Analysis of model assumptions

Assumption 1: The liquid surrounding the bubble is at the saturation

temperature

In the experiments the liquid enters the channel at ambient temperature, which

makes the first stages of boiling occur in the subcooled state. In the subcooled state

there is a temperature gradient over the channel height; the liquid layer close to
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the bottom wall is slightly above the saturation temperature, while the fluid layers

higher up in the channel are below TS . If a bubble nucleates on the bottom wall,

initially the bubble is small enough to be fully surrounded by a ’shell’ of superheated

liquid. But as the bubble grows larger its diameter will at some stage approach the

channel height; now the top of the bubble interface becomes exposed to the colder

liquid layers present higher up in the channel. This results in a situation where

vaporization occurs at the bottom of the bubble (being in the superheated fluid

layer), while some condensation can occur at the bubble top (being in the subcooled

fluid layer). This decreases the net-vaporization rate, making the bubble grow slower

(and therefore increasing τBG).

To verify that subcooling is indeed a factor of importance in our experiments,

direct measurement of the liquid temperature inside the channel was performed.

This was done by inserting a 0.25 mm thermocouple into the channel from the outlet;

by pulling back the thermocouple incrementally, the axial temperature profile in the

channel could be determined. In conjunction to the measurements also calculations

were performed of the mixing cup temperature in the channel, as a function of the

channel axial coordinate. The calculations were based on a series solution [88] for

laminar flow between parallel plates, presuming a uniform liquid inlet temperature

and uniform wall temperature

TW − 〈T (x∗)〉
TW − TL,IN

=

∞∑
n=0

an exp
(
− 8

3λ
2
n x
∗) , x∗ =

αLx

uIN H2
(3.8)

with x∗ the dimensionless axial coordinate, 〈T (x∗)〉 the mixing cup temperature at

a certain axial position and TW and TL,IN the wall- and liquid inlet temperatures

respectively. The first three coefficients of Eqn. 3.8 are provided in Table 3.6.

n an λ2
n

0 0.910 2.83

1 0.0533 32.1

2 0.0153 93.4

Table 3.6: First three coefficients of Eqn. 3.8, based on [88].

In Fig. 3.22 the measured and predicted values of the mixing cup temperature

〈T (x)〉 are plotted versus the channel axial coordinate. The measured axial tem-

perature profile is reasonably smooth until x = 50 mm; above this point a distinct

inflection of the profile can be observed, which is induced by the formation of vapour

bubbles. In the experiment the onset of bubble nucleation could be observed at x
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Figure 3.22: Measured and predicted (Eqn. 3.8) axial temperature profile in the

minichannel, based on water as working fluid, with uIN = 0.257 m/s and TW= 12.2

K above TS . Nucleation and boiling was observed to take place at x = 55 mm;

at this location the mixing cup temperature is 1.9 ± 0.5 K below TS , indicating

subcooled boiling.

= 55 mm (see Fig. 3.22, Onset of nucleation). The measured temperature at this

location is 98.2 ± 0.5 ◦C; its predicted value is 97.2 ◦C. This shows that boiling

takes place at a level of subcooling of 1.8 ± 0.5 K, indicating that subcooled boiling

is indeed a factor of importance in our experiments.

Having established that subcooling is a significant factor, next its influence on

the bubble growth timescale τBG must be assessed. This can help to explain some

of the differences between our measurements and the simple model, as shown in

Fig. 3.21a. In principle the effect of subcooling on τBG is unbounded ; as the level

of subcooling increases, more and more condensation will take place at the top of

the bubble interface, which can even result in τBG < 0 (condensing bubble) [89]. In

Fig. 3.21a the deviation of the datapoints from the diagonal is most pronounced for

water (see Fig. 3.21a). This trend can likely be attributed to differences in the heat

capacity and degree of subcooling (TS − TL,in), which are both higher for water as

compared to the other fluids. This results in a longer subcooled region for water,

meaning that the bubble is more likely to experience condensation in the colder fluid

layers which exist at the top of the channel.

Overall the effect is subcooling on the bubble growth dynamics is somewhat
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surprising. If the mixing cup temperature 〈T 〉 at the position of the bubble is below

the saturation temperature TS , one would expect τBG < 0. But quite frankly, this

is not the case: in our experiments the vapour bubble is in fact growing, despite the

fact that 〈T 〉 < TS . The reason for this is that heat transfer towards the bubble takes

place predominantly in the liquid film region between the bubble and the bottom

wall. As long as the relative interfacial area between the elongated bubble and

the bottom wall exceeds the interfacial area between the bubble and the subcooled

liquid, vaporization dominates over condensation; now the bubble continues to grow,

despite being surrounded by subcooled liquid.

Assumption 2: The wall temperature is constant and uniform

Premise 2 deals with the wall temperature. For pool boiling it is known that the

temperature of the heated wall may fluctuate in time and space as a direct result

of bubble nucleation, growth and departure [90, 91]. The same behaviour was also

observed for boiling in micro-channels by Bigham & Moghaddam [12], who showed

that upon arrival of the bubble nose at a certain wall position, the wall temperature

momentarily drops as a result of heat uptake by the bubble. In reality, the wall will

have neither a constant temperature, nor a constant heat flux, but rather act as a

thermal buffer.

To get a grip on the severity of this ‘thermal buffering effect’ on our measure-

ments, a numerical simulation of the channel wall temperature was performed. In

the simulation a slug flow regime is considered, in which a certain section of the

channel wall is periodically covered with single phase liquid, followed by the passage

of a vapor slug, as is the case in the experiments. This causes the heat flux from

the wall towards the fluid to alternate periodically between single phase convective

heat transfer and thin film vaporization. Because thin film vaporization results in

a larger heat flux than single phase convection, the wall temperature is expected

to drop upon passage of the vapour slug. In Table 3.7 and Appendix F details on

the initial and boundary conditions are specified. The goal of the simulation was to

determine how much the wall temperature temporarily fluctuates upon passage of

the vapour slug. For the given geometry and boundary conditions, the simulations

show a wall temperature drop of 3.4 K during 20 ms (see Fig. 3.23). This gives a

reduction in the driving force for bubble growth TW − TS of 33 % (3.4/10). This is

a significant reduction, but it is not enough to fully explain the differences shown

in Fig. 3.21a, which are of at least one order of magnitude.

It is important to notice in Fig. 3.23 that at the position of the thermocouple

(several millimetres away from the surface) the temperature fluctuation is merely 0.3
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K. This shows that the instantaneous wall temperature that the bubble experiences

cannot be observed directly using the thermocouples, as the thermal inertia of the

wall introduces a time-lag in our temperature reading.

Heat flux Expression Relevant parameters

Single phase liquid, q̇SP q̇SP = λL/d ∆T Nu Nu = 10

Thin film vaporization, q̇TF q̇TF = λL/δ ∆T δ = 10 µm

Table 3.7: Input parameters used for the estimation of wall temperature fluctuations

due to passage of a vapour bubble.
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Figure 3.23: 2D simulation of the wall temperature and thermocouple temperature

on a 50 Hz step change in heat flux, as a result of vapour bubble passage. The

simulation was performed in COMSOL Multiphysics R© using the true geometry of

the test section, subject to the boundary conditions listed in Table 3.7.

In reality the periodic transition in heat flux may not be as sharp as depicted

in Fig. 3.23. Detailed temperature measurements have shown that the thin film

heat flux q̇TF is highest right after passing of the bubble tip, and diminishes shortly

afterwards [12]. For the single phase heat flux q̇SP , simulations have shown that

right after passing of the bubble rear a sharp increase is seen, due to bubble-induced

vortices [77]. Nonetheless, the results shown in Fig. 3.23 provide good insight in

the order of magnitude of instantaneous wall temperature fluctuations that one may
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expect.

Assumption 3: The gas-liquid interface temperature is constant and uni-

form

Assumption 3 deals with the invariability of the gas-liquid interface temperature TS .

The saturation temperature that exists at the interface is related to the pressure

inside the bubble PB, i.e. TS = TS(PB). Hence, if the pressure inside the bubble

increases during growth, TS will increase as well. Consider the typical scenario in

which downstream of the bubble under consideration a body of liquid is present

(called a ‘liquid plug’). In order for the vapour bubble to grow, the liquid plug

downstream has to move along with the bubble interface. The acceleration and

friction forces corresponding to this motion can result in a pressure increase inside

the bubble. In some cases also the opposite can happen: if the liquid plug is short

but has a high velocity, then the inertia of the liquid slug pulls the bubble along,

which can make the pressure in the bubble temporarily decrease. In order to assess

the magnitude of these pressure fluctuations, a force balance was set up over the

liquid plug, see Appendix G. Using the force balance the following relation could be

derived for the pressure rise inside the bubble as a function of the bubble length LB
and its time derivatives L̇B and L̈B

PB − P∞ =

(
2
3ρLL̈B︸ ︷︷ ︸

acceleration

+
8ηL
H2

L̇B︸ ︷︷ ︸
friction

)(
LC − LB

)︸ ︷︷ ︸
liquid slug

length

− 2
15ρLL̇B

2︸ ︷︷ ︸
momentum

outflow

− σ

R︸︷︷︸
Laplace
pressure

(3.9)

were PB is the bubble pressure, P∞ is the pressure at the channel exit, LC is the

length of the capillary tube, ηL and ρL are the liquid dynamic viscosity and mass

density, σ is the surface tension and R is the principal radius of curvature of the

gas-liquid interface. A derivation of Eqn. 3.9 is found in Attachment G, based

on [92, 93]. Inspection of Eqn. 3.9 shows that for fast bubble growth the bubble

nose acceleration L̈ becomes high, making momentum caused by acceleration the

dominant term. As the bubble approaches the channel exit the acceleration and

friction terms vanish as LB → LC ; now momentum outflow becomes the dominant

term.

To see if pressure rise in the bubble is indeed significant under the experimental

conditions used in this work, Eqn. 3.9 was evaluated using measured data of the

bubble velocity and acceleration (see Table 3.8). The results show that for water an

increase of TS in the order of 3 K can be expected, while for IPA and MNFB this

increase is respectively 1 and ≈ 0 K. This shows that - particularly for water - the
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forces required to move the liquid plug can give rise to a significant pressure rise in

the bubble. This results in an increase in the saturation temperature, temporarily

decreasing the driving force for bubble growth TS − TW by up to 40 % (3.7/10).

This is a significant reduction, but it is not enough to fully explain the differences

shown in Fig. 3.21a, which are of at least one order of magnitude. Nonetheless the

analysis shown here gives a good insight in the level at which pressure fluctuations

can affect growth of a vapour bubble confined in a channel.

Water IPA MNFB

Wall superheat ∆T , (K), 10 12 2

Bubble tip velocity L̇B, (m/s) 2.66 1.25 0.04

Bubble tip acceleration L̈B, (m/s2) 356 78 0.08

Pressure rise (Eqn. 3.9), (kPa) 15.7 3.7 ≈ 0

Saturation temperature rise, (K) 3.7 0.9 ≈ 0

Table 3.8: Estimation of the increase in saturation temperature that a vapour bubble

may experience during growth, based on experimental data of ∆T, L̇ and L̈ using

Eqn. 3.9 evaluated at L = 20 mm and LC = 80 mm.

Analysis of model assumptions - closing remarks

In this section the underlying assumptions of our bubble growth model (Eqn.

3.6) were analysed. This has shown that some aspects of bubble growth which occur

in reality were wrongfully neglected in our analytical model. Significant temporal

variations may exist in 1) the liquid superheat in close vicinity to the bubble, 2) the

wall temperature and 3) the saturation temperature at the bubble interface. Effects

2) and 3) were estimated to decrease the bubble growth rate by a factor of ≈ 2.

The contribution of effect 1) could not be quantified, as detailed measurements of

the temperature field in the liquid were not available. In addition to variations in

the governing temperatures close to the bubble uncertainties exist in the space and

time-averaged thermal conductance between the bubble and the wall. In our model

this conductance was estimated by correlations from literature based on adiabatic

experiments (e.g. air-silicone oil flows), which gives limited agreement with boiling

conditions (see Section 3.5.2). Finally the thermal contribution of the bubble nose

and rear was neglected, which is not entirely true, particularly for shorter bubbles

and high liquid superheats. Together these assumptions and uncertainties make

it challenging to predict the bubble growth rate from first principles with good

accuracy, as was indicated in Fig. 3.21.
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3.5.4 Analysis of observed dryout patterns

In the experiments dryout could be observed. Interestingly the observed locations

of dryout in our experiments agree quite well with simulation results by Magnini et

al. [81]. In this work detailed numerical simulations are performed of vapour bubble

growth in a rectangular channel of aspect ratio ε = W/H =6 (among others), which

is the same ε as in our experiments. The simulation results show that δ has a non-

uniform cross-sectional profile, the shape of which depends on the bubble capillary

number CaB (see Fig. 3.24a). At the channel bottom wall the film thickness shows

a dimple, with the maximum of δ located at the channel center and the minimum

of δ located between 60 - 75 % of the channel half-width. This occurs because the

curvature of the gas liquid interface induces a pressure gradient in the liquid film

which causes drainage of the film towards the channel corners. This same effect

was also shown by Hazel and Heil (2002) [85]. This ’draining’ of liquid towards

the channel corners makes that a section of film with a longer lifetime is thinner as

compared to a section of film more recently created. The simulations results also

show that the non-uniform perimetral film thickness distribution results in a non-

uniform heat flux distribution under the bubble (see Fig. 3.24b). Locations where

the film is the thinnest results in the highest local heat flux.

In the high speed images (see Fig. 3.25 and Fig. 3.9) dewetting was observed at

the lateral edges of the bubble, which corresponds to the locations of the minimum

film thickness shown in Fig. 3.24a. Of course also differences exist; in the simulations

no actual dryout occurs (the film becomes thin but remains finite), while in the

experiments dryout results in dewetting of the bubble rear.
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Figure 3.24: Film thickness and Nusselt number distributions for a vapour bubble

in a rectanglar channel (aspect ratio 6) at uniform heat flux, for a bubble capillary

number CaB = 0.05. The axial and lateral coordinates & δ were normalized with

the channel hydraulic diameter Dh or radius Rh. Courtesy of Magnini & Matar

(2020) [81].

Figure 3.25: High speed image of an elongated vapour bubble in a rectangular

channel of aspect ratio 6; dryout occurs at the bubble rear and lateral edges: a

yellow line was included to guide the eye. (Based on Fig. 3.9, at t = 41 ms).
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3.6 Conclusion

Experiments on the growth of elongated vapour bubbles in a mini-channel indicate

an exponential dependence of the bubble length with time. The rate of bubble

growth is found to depend on the fluid properties and on the wall superheat. Nu-

merical simulations show that a growing bubble confined in a channel attains an

elongated shape, forming a thin liquid film between the bubble and the wall. The

bubble grows by vaporization of this liquid film and by vaporization at the bubble

nose and rear parts in the superheated liquid layer close to the wall. In the liquid

film region local Nusselt numbers around 1.6 are found, indicating that heat transfer

in this region is near to that of pure conduction. Based on the insights gained from

the simulations an analytical model was devised, to explain the experimentally ob-

served bubble growth trends. Variations in the liquid properties were well captured

by the model. Variations of the wall superheat showed limited agreement with ex-

periments, which is mainly caused by uncertainties in the space and time-averaged

thermal conductance between the bubble and the wall. In the experiments dry-

out was systematically observed close to the lateral edges of the channel wall near

the rear part of the bubble. The measured location and extent of dryout showed

qualitative agreement with numerical simulations from literature.



CHAPTER 4

Conclusion

In Chapter 2 sessile droplet evaporation by an approaching gas flow was studied. As

compared to sessile droplet evaporation in a stagnant gas, which is a well studied

topic, evaporation in an approaching gas flow introduces loss of symmetry in the

flow, temperature and vapour concentration fields. This renders the process into one

for which predictive capacity and detailed experimental data are lacking. Dedicated

experiments and 2D simulations indicate that mass transfer is most intense at the

upwind side of the droplet, close to the three phase contact line. At the downwind

side of the drop wake formation and circulating flows occur in the gas phase, which

limit mass transfer. With increasing gas velocity the droplet evaporation rate in-

creases, which results in significant cooling of the droplet interface because of the

associated evaporation enthalpy. Now both heat and mass transfer become limiting

factors for evaporation. The droplet interface temperature becomes asymmetric by

asymmetric evaporation, but also by the influence of asymmetric internal flows in the

droplet. A single internal roll cell was observed, moving along with the dragging gas.

The roll cell is driven by shear stress induced by the approaching gas flow and not

by thermo-capillarity, which is suppressed by the presence of surface-active contam-

inants on the interface. Inside the droplet the convection roll conveys warm liquid

from the base of the plate towards the upwind side of the interface, effectively pro-

moting internal heat transfer. The thermal energy required for evaporation causes

cooling of the plate and gives rise to heat transfer from the flowing gas towards

the droplet and the plate. Most of the heat exchange between the droplet and the

gas flow occurs via the plate, which acts as a ’fin’ for heat transfer. A lumped

capacitance model was devised to estimate the heat transport rates between the

droplet, the plate and the gas phase. In addition an empirical mass transfer correla-

tion was derived for millimetre-sized water droplets in an approaching gas flow, for

113
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Péclet numbers ranging from 1-30. Together these relations improve our predictive

capacity of the evaporation rate of droplets in an approaching gas flow.

Next some recommendations for future work will be given. Our work shows that

the geometry and thermal boundary conditions of the solid plate require careful

consideration, which has not been the case in many experimental studies conducted

in the past. Numerical simulations require full 3D geometries, as 2D Cartesian

simulations have been shown inadequate in predicting key field quantities of the

3D problem (temperature and concentration fields). In addition, special attention

should be placed on the role of surfactants, which can have large impact on the

flow field in the drop at minute concentrations. Future work could be directed

into the balance between thermo-capillary, soluto-capillary and gas flow induced

shear stresses on the interface of an evaporating droplet. The combination of these

phenomena can give rise to complex flow patterns in the drop and to more complex

drying patterns than for drops evaporating by pure diffusion.

In Chapter 3 the growth and dynamics of elongated boiling bubbles in a mini-

channel have been investigated. Experiments indicate an exponential dependence

of the bubble length with time. The rate of bubble growth is found to depend on

the fluid properties and on the wall superheat. Numerical simulations show that a

growing bubble confined in a channel attains an elongated shape, forming a thin liq-

uid film between the bubble and the wall. The bubble grows by vaporization of this

liquid film and by vaporization at the bubble nose and rear parts in the superheated

liquid layer close to the wall. In the liquid film region local Nusselt numbers around

1.6 are found, indicating that heat transfer in this region is near to that of pure

conduction. Based on the insights gained from the simulations an analytical model

was devised, to explain the experimentally observed bubble growth trends. Varia-

tions in the liquid properties were well captured by the model. Variations of the

wall superheat showed limited agreement with experiments, which is mainly caused

by uncertainties in the space and time-averaged thermal conductance between the

bubble and the wall. In the experiments dryout was systematically observed close

to the lateral edges of the channel wall near the rear part of the bubble. The mea-

sured location and extent of dryout showed qualitative agreement with numerical

simulations from literature.

Future research could be focussed on the space averaged thermal conductance

between the bubble and the wall. Our work has shown that estimation of this con-

ductance by correlations derived from adiabatic experiments (e.g. air-silicone oil
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flows) gives insufficient agreement with boiling experiments. In numerical simula-

tions the effects of subcooling, conjugate heat transfer with the channel wall and

temporal fluctuations of the saturation pressure and temperature as a result of bub-

ble growth require attention. Improvements in these aspects would help to extend

the predictive capacity of the simulations towards boiling systems as encountered in

practice. In addition special treatment of the liquid film region in numerical simula-

tions is required, because in this region the resolution required to accurately resolve

heat transfer and fluid flow is a serious limitation on the predictive capability.





APPENDIX A

Estimation of Mass Transfer from a droplet on a

plate

The general transport equation which governs the transport of C in a steady state

is

u · ∇C = D∇2C (A.1)

where u is the velocity field and ∇ the gradient operator. For a droplet of low

contact angle (θ � 1), the evaporation of this droplet becomes similar to mass

transfer from a flat disk and analytical solutions of Equation A.1 exist, based on

the boundary layer theory [50]. Baines et al. (1994) [27] provided a Sherwood

correlation specifically tailored for an evaporating droplet from a surface. To verify

that this correlation was correct, its derivation was redone. Luckily no errors were

found. By performing the full derivation good insight was gained in the underlying

assumptions and limitations of the boundary layer solution. For this reason it was

decided to attach the derivation steps as an appendix to the thesis.

Consider a 2D droplet in the Cartesian coordinate system shown in Fig. A.1.

For a flat geometry the velocity is equal to γy in the direction of flow and is zero

in the other directions. Assuming high mass transfer rates, diffusion in the stream-

wise direction ∂2C
∂x2 can safely be ignored. In addition it is presumed that C∞, the

concentration in the approaching gas flow, is equal to zero as is the case in our

experiments. Under these assumptions, Equation A.1 reduces to:

γy
∂C

∂x
= D∂

2C

∂y2
(A.2)

subject to the boundary conditions:

C(0, y) = 0, C(0 < x ≤ 2R, 0) = CS , C(x,∞) = 0 (A.3)
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γ 

R

Cs

x

y

C∞ 

Figure A.1: 2D droplet resting on a solid surface with a base radius R and a small

contact angle (θ � 1). The droplet interface is at the saturation concentration CS .

The gas surrounding the droplet has a concentration C∞ and is in motion with a

linear velocity profile, characterized by the shear rate γ. The origin is located at

the droplet foot in the upstream direction.

The form of the boundary conditions suggest to use the method of combination

of variables [50]. Therefore, a solution of the form C/CS = f(η) is tried, where

η = y(γ/(9Dx))1/3. This combination of variables is non-dimensional and the factor

’9’ is included to make the solution look neater. When this change of variable is

made, the partial differential equation reduces to an ordinary differential equation

d2f

dη2
+ 3η2 df

dη
= 0 (A.4)

with boundary conditions f(0) = 1 and f(∞) = 0. This second order equation has

the solution:

f = K1

∫ η

0

exp(−ζ3)dζ +K2 (A.5)

The constants of integration can then be evaluated using the boundary conditions,

and one obtains
C

CS
=

∫∞
η
exp(−ζ3)dζ∫∞

0
exp(−ζ3)dζ

=

∫∞
η
exp(−ζ3)dζ

Γ(4
3)

(A.6)

for the concentration profiles, with Γ(4
3) ≈ 0.893 being the gamma function of 4/3.

Next, the local mass flux at the droplet interface can be obtained as follows

Φm = −DdC
dy

∣∣∣∣
y=0

= −DCS
[
d

dη

(
C

CS

)
dη

dy

]∣∣∣∣
y=0

=
DCS
Γ(4

3)

(
γ

9Dx

)1/3

(A.7)
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To obtain the evaporation rate, the mass flux is integrated over the droplet area.

The droplet area was taken as a square with sides
√
πR, which gives the same area

as a circular droplet of radius R. This results in

ṁ =

√
πR∫

0

√
πR∫

0

Φm dz dx =
3
√

81π5/6

2Γ(1
3)︸ ︷︷ ︸

≈2.096

CSR
2

(
γ

9DR

)1/3

. (A.8)

To conclude Eqn. A.8 is written in dimensionless form using the Péclet number

Pe = 4γR2/D and the Sherwood number defined previously in Eqn. 2.1, which

gives

Sh =
3

√
81

256

1
6
√
πΓ(1

3)︸ ︷︷ ︸
≈0.2101

Pe1/3 ≈ 0.21Pe1/3. (A.9)

The derivation of Baines and James [27] yields the same expression for Eqn. A.8 with

a numerical constant 2.095 instead of the 2.096 derived here, which is presumably

a rounding error. For Eqn. A.9 Baines et al. reports a coefficient which is a factor

2 higher than than what is derived here (0.105 instead of the 0.210 derived). This

difference occurs because the Sherwood number in their work is defined a factor 2

higher as in this thesis, which is merely a matter of definitions.

The outcome of this derivation is noteworthy, because it predicts a rather weak

dependence of the evaporation rate on the gas velocity (Sh ∼ Pe1/3). In practise,

this means that increasing the gas velocity above the solid surface by a factor 10 only

results in about 101/3 ≈ 2 times faster evaporation of the drop. This dependency

of Sh ∼ Pe1/3 is a direct result of the choice of the gas velocity profile (shear

flow). For a boundary layer flow Sh scales with Pe to the power 1/2 [94]. Therefore

the derivation shown above is only valid if the droplet height is smaller than the

boundary layer thickness, such that the velocity profile close to the interface is

essentially a shear flow. A quick calculation showed that for Pe = 1, 10 & 100

the boundary layer thickness according to Blasius is 3 mm, 1 mm and 0.3 mm

respectively. This indicates that the derivation shown above is only strictly valid

for Pe < 1. For Pe ≈ 10 the boundary layer thickness is of the same order as the

drop height. For these flow rates a scaling of the form Sh ∼ Pen is expected, with

n ranging between 1/3 and 1/2.





APPENDIX B

Analysis of grey body radiation effects in thermal

imaging of droplets

In the experiments it was observed that the droplet interface temperature shows

a distinct ’cold spot’ at the top of the droplet (see Fig. B.1a), which is believed

to be caused by reflections. In this section the mechanism behind this artefact

is explained. The experiments are performed using a thermographic camera with

a cooled detector. Cooling is provided by liquid nitrogen using a small refrigera-

tion cycle, which decreases the detector temperature to 77 K. The cooling system

greatly enhances the sensitivity of the camera, as it prevents the detector from be-

ing ’blinded’ or flooded by its own radiation. But the downside of this approach

is that the camera detector is at a much lower temperature than the object under

consideration and the surroundings in which the object is placed. This can give rise

to additional complications.

Consider a sessile droplet present in an enclosed space (see Fig. B.1b). Through

a small opening in the enclosure thermal images are being made of the droplet.

The shape of the droplet is approximately a spherical cap and the unit vector per-

pendicular to the gas-liquid interface is denoted as ~n. On each point of the droplet

interface one can define a view factor with the enclosure F1→2 and a view factor with

the camera detector F1→3. The droplet has an emissivity and temperature (ε1, T1),

the enclosure walls and camera detector have emissivities and temperatures (ε2, T2)

and (ε3, T3) respectively.

(a) The water droplet has an emissivity of ε1 ≈ 0.96;

(b) The enclosure walls are made of anodized aluminium. This looks matt-black

in visible light, but is actually somewhat reflective in the infrared bandwidth:

ε2 ≈ 0.82− 0.86;
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Thermo-
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Figure B.1: a) Thermographic image of a 1.5 mm radius evaporating droplet from

a glass plate, together with a thermocouple for temperature reference. The droplet

interface features an apparent cold spot in the center, which is an artefact caused

by reflection induced by the camera itself. b) Schematic overview of a droplet in an

enclosure observed with a thermograpic camera. The droplet has an emissivity and

temperature (ε1, T1), the enclosure walls and camera detector have emissivities and

temperatures (ε2, T2) and (ε3, T3) respectively. The unit vector ~n is perpendicular

to the gas-liquid interface.

(c) The camera detector emissivity is unknown.

Because the droplet is a grey body (ε1 < 1), part of the heat flux from the droplet

towards the detector comes from reflections. At the droplet apex ~n is parallel to

the z-axis. Here the view factor F1→3 is relatively higher than for the rest of the

droplet (i.e. the droplet apex ’sees’ more detector). As a consequence the apex

of the droplet reflects more radiation coming from the camera detector, while the

rest of the droplet reflects more radiation originating from the enclosure. Since the

reflected temperature of the detector is much lower than that of the enclosure, the

observed temperature at the droplet apex is also less. This results in an optical

artefact, as the droplet images show a ’cold spot’ at the droplet apex. Typically

a temperature difference of 0.4-0.8 K between the ’cold spot’ and the surrounding

areas of the droplet was found. Such kind of artefacts can be expected also in other

situations where a cooled camera is used to observe a convex grey body.
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Estimation of Heat Transfer from a droplet on a

plate

In Section 2.6.2 a lumped capacitance model was derived, in which heat transfer

towards the droplet interface is expressed by a network of thermal resistances (see

Fig. 2.32). The expressions for these thermal resistances are shown below.

Direct heat transfer between the droplet and the ambient gas may occur by

conduction, free convection, forced convection or a combination of the previous.

The thermal resistance for this case (RG→T gas-to-top) can be written as

1/RG→T ≈ π(R2 +H2)h (C.1)

where R and H are the drop radius and height and h is the heat transfer coefficient.

The applicable heat transfer coefficients for free convection, forced convection and

radiation were adopted from established literature [51].

Indirect heat transfer from the ambient gas towards the base of the drop is

analogous to radial heat conduction through a circular fin (see Fig. 2.31). The

resistance from gas-to-solid (RG→S) and the resistance from solid-to-base (RS→B)

cannot be strictly separated because the temperature in the solid is not uniform.

Therefore, they are combined into a single gas-to-base resistance (RG→B) as

1/RG→B ≈ π(1
4W

2 −R2)h ηfin (C.2)

where ηfin is the fin efficiency. This is the ratio of the fin heat transfer rate to the

heat transfer rate of the fin if the entire fin were at the base temperature Tbase [95].

For this case (a circular fin of uniform thickness) analytical solutions for ηfin exist

based on modified Bessel functions, which are cumbersome to evaluate. Therefore

an approximate solution was used instead [96] of the form ηfin = tanh εm/(εm)
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where ε is the dimensionless fin parameter ε = (1
2W − R)

√
h/(λSD) and m is a

shape factor defined as m = 1 + 0.35 ln(W2R).

Finally, heat transfer from base-to-top of the droplet occurs by vertical conduc-

tion and the thermal resistance RB→T is

1/RB→T ≈
πR2λL

2
πR

NuINT = 1
2π

2RλLNuINT (C.3)

where the denominator of the first term is the mean height of a hemispherical droplet

w.r.t. the arc length∗. Note that the entire term is multiplied with an internal

Nusselt number NuINT , which accounts for heat transport by internal flows inside

the droplet.

Having established the individual thermal resistances, the overall thermal resis-

tance ROV of the droplet in relation to the approaching gas flow is

ROV =

(
1

RG→T
+

1

RG→B +RB→T

)−1

(C.4)

Using the 1d lumped-capacitance approach described above, an estimate of the

droplet interface temperature can be given. In steady state the amount of heat

entering the droplet (q, in Watt) can be found by integration of the heat flux q̇ over

the droplet interface S. This, in turn, must be equal to the amount of evaporation

occurring over the interface j, multiplied with L, the latent heat of evaporation

q =

∫∫
S

q · n ds = L
∫∫

S

j · n ds = Lṁ ≈ T − T∞
ROV

(C.5)

In the last r.h.s. term the droplet temperature is considered uniform over the in-

terface, which is of course not in agreement with reality. Nonetheless, this approxi-

mation is not too far fetched, considering that the external temperature difference

(between the droplet and the ambient) is typically higher than internal tempera-

ture gradients within the drop. The thermographic images (see Fig. 2.17) show

temperature differences over the interface of 1-2 K, while the droplet temperature

difference w.r.t the ambient is 5-7 K. Therefore considering a uniform drop tem-

perature is reasonable in first approximation. Using the relation above, the droplet

temperature can be written as

T ≈ T∞ − ṁLROV (C.6)

which tells us that the temperature difference that sets in between the interface

and the surroundings will be proportional to the evaporation rate ṁ, the heat of

∗This is 1
π
R
∫ π
0

sin θdθ = 2
π
R.
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evaporation L and the overall thermal resistance of the drop ROV . In the main body

of this work a comparison will be made between the lumped capacitance model (Eqn.

C.6) and the measured droplet temperature. As will be shown, reasonable agreement

between the two is found, despite the approximative nature of the former (see Fig.

??).





APPENDIX D

Tangential interface velocity of a droplet

evaporating from a glass plate

In Fig. D.1 the tangential interface velocity is shown for a droplet evaporating from a

glass plate in an approaching gas flow of various Péclet number numbers. Compared

to the aluminium plate (Fig. 2.29a) the magnitude of the interface velocity on glass

is lower. This can be explained by the difference in temperature between the base

and the top of the droplet, defined as (Ts=0 − Ts=0.5). For example, for Pe=30

on glass (Ts=0 − Ts=0.5) is 0.8 K, while on aluminium it is 1.3 K (see Figs. 2.25a

& 2.25b). This higher temperature gradient results in a higher surface tension

gradient and therefore stronger Marangoni stresses on the interface. The results

indicate that the magnitude of internal flows inside the droplet are proportional to

the temperature difference between the top and bottom of the drop. If one assumes

that uINT ∼ (Ts=0 − Ts=0.5), then the maximum velocity on aluminium should

become 1.3/0.8 times the maximum velocity on glass. For Pe = 30 this prediction

gives uINT=19.7 mm/s while its real value is 19.3 mm/s.
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Figure D.1: Tangential interface velocity uINT versus arc length s, for various values

of Péclet. Based on a 1.1 mm radius hemicircular water drop on a glass plate.



APPENDIX E

Derivation of the vapour bubble growth timescale

In first approximation the growth rate of a vapour bubble in a channel can be

estimated using an energy balance over the bubble perimeter. Existing literature

on this topic exists [16, 17], but no rigorous derivation could be found. Therefore in

this section the bubble growth time-scale is derived from first principles using the

first law of thermodynamics for open systems.

δ

 

H

LB

Heated side

q’’Tw Wall

Liquid film

Vapor bubbleTS

Rnose

Figure E.1: Sketch of a 2D vapour bubble between parallel plates.

System description Consider an elongated vapour bubble of length LB con-

fined between parallel plates of height H, with a thin liquid film of thickness δ

present between the bubble and the wall (see Fig. E.1). The direction of gravity

points perpendicular to the flow direction. The bubble nose is curved with a radius

of curvature Rnose, the bubble rear is presumed to be flat. The channel top wall

is considered adiabatic; the bottom wall is assumed to have a uniform temperature
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TW , which is a factor ∆T = TW − TS higher than the the saturation temperature

of the liquid TS . The liquid downstream and upstream the bubble as well as the

vapour inside the bubble are considered to be at TS . Inside the liquid film a linear

temperature profile between TW and TS is presumed. Because of the heat flux to-

wards the interface the bubble will grow by evaporation. During growth the rear

of the bubble is presumed to remain at a fixed axial position while the bubble nose

moves with a velocity L̇B. Therefore the center-of-mass velocity of the bubble is

equal to 1
2 L̇B.

Energy balance The control volume is defined as the boundary around the

bubble, positioned in the liquid phase at a distance infinitesimally close to the gas-

liquid interface. The mass in the control volume and its time rate of change can be

expressed as

m = ρV (H − 2δ)LB , ṁ = ρV (H − 2δ)L̇B (E.1)

per unit channel width, where it was presumed that δ̇ � L̇B. The first law of

thermodynamics for open systems states that

d

dt
U︸︷︷︸

(a)

+
d

dt
1
2mv

2︸ ︷︷ ︸
(b)

+
d

dt
mgz︸ ︷︷ ︸
(c)

= Q̇︸︷︷︸
(d)

+ Ẇ︸︷︷︸
(e)

+
∑
Inlet

ṁU︸︷︷︸
(f)

+ ṁpv–︸︷︷︸
(g)

+ ṁ1
2v

2︸ ︷︷ ︸
(h)

+ ṁgz︸︷︷︸
(i)

−
∑
Outlet

ṁU︸︷︷︸
(j)

+ ṁpv–︸︷︷︸
(k)

+ ṁ1
2v

2︸ ︷︷ ︸
(l)

+ ṁgz︸︷︷︸
(m)

(E.2)

Since the flow direction is perpendicular to the direction of gravity all terms involving

potential energy ((c),(i) & (m)) are equal to zero. Condensation is not considered.

Therefore all terms related to outflow of material ((j)-(m)) can be neglected. To

complete the model expressions must be derived for the remaining terms in Eqn.

E.2. On the l.h.s. of Eqn. E.2 these are (a) the time rate of change of the internal

energy and (b) the time rate of change of the kinetic energy. On the l.h.s. of

Eqn. E.2 these are (d) the heat inflow into the system, (e) the work performed by

the system on the surroundings, (f) the inflow of internal energy, (g) the inflow of

pressure-specific volume energy (with v– the specific volume) and (h) the inflow of

kinetic energy. In the alphabetic list below expressions are devised for all relevant

terms.

(a) The time rate of change of the internal energy dU/dt has both surface energy

and thermal energy contributions. The surface energy contribution is equal

to 2σL̇ + TS
dσ
dT

∣∣
TS
L̇B. The thermal energy contribution can be written as
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d/dt(mCvV T ). Since the product of the specific heat and temperature in the

control volume is constant and equal to CvV TS this gives dU/dt = ṁCvV TS +

2σL̇B + TS
dσ
dT

∣∣
TS
L̇B;

(b) The time rate of change of the kinetic energy d/dt1
2mv

2 is equal to d/dt(H −
2δ)ρV LB(1

2 L̇B)2 = 1
8(H − 2δ)ρV (L̇3

B + 2LBL̇BL̈B);

(d) The heat flow entering the system Q̇ takes place by evaporation of the liquid

film present between the bottom wall and the bubble. It is presumed that

heat transfer takes place by thermal conduction through the liquid film. Since

the liquid film thickness at the bubble nose is much larger than in the flat film

region, heat transfer from the wall towards the bubble nose is neglected. As

the wall temperature and bubble interface temperatures are prescribed, this

gives Q̇ = λL/δ∆T (LB −Rnose).

(e) Work performed by the system on its surroundings can be written as Ẇ =

−pnose(H − 2δ)L̇B, where pnose is defined as the pressure in at bubble nose in

the liquid;

(f) Inflow of internal energy can be expressed as ṁU
∣∣
Inlet

= ṁCpLTS using sim-

ilar arguments as shown under (a);

(g) The inflow of pressure-specific volume energy can be written as ṁpv–
∣∣
Inlet

=

ṁPS/ρV by using the ideal gas law;

(h) The inflow of kinetic energy by evaporation ṁ1
2v

2
∣∣
Inlet

is found by integration

over the bubble length as ṁ 1
L

∫ L
0

1
2 L̇, which yields 1

8(H − 2δ)ρV L̇
3
B.

Collecting the relevant terms of Eqn. E.2 listed above gives the relation

ṁCvV T︸ ︷︷ ︸
(a′)

+ 2σL̇B︸ ︷︷ ︸
(b′)

+ 1
4(H − 2δ)ρV LBL̇BL̈B︸ ︷︷ ︸

(c′)

= λL/δ∆T (LB −Rnose)︸ ︷︷ ︸
(d′)

− TS
dσ

dT

∣∣
TS
L̇B︸ ︷︷ ︸

(e′)

− ṁPS/ρV︸ ︷︷ ︸
(f ′)

+ pnose(H − 2δ)L̇B︸ ︷︷ ︸
(g′)

+ 1
8(H − 2δ)ρV LBL̇

2
B︸ ︷︷ ︸

(h′)

(E.3)

which can be simplified further by applying known thermodynamic relations.

• By the ideal gas law CvV = CpV − R/M , with R the universal gas constant

and M the molar mass. The enthalpy of vaporization L is defined as L =

CpV T −CpLT −P/ρV . By substitution of these relations the difference of the
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terms (a’)-(f’) can be condensed into the expression ṁL−ṁ R
M TS . The second

term in this expression can also be written in terms of PS , the saturation

pressure, as PS(H − 2δ)L̇B by using Eqn. E.1 and the ideal gas law.

• In term (g’) the pressure which exists at the bubble nose in the liquid is

equal to the saturation pressure in the bubble PS minus the Laplace pressure:

pnose = PS − σ
Rnose

with Rnose the principal radius of curvature of the bubble

nose. Using this relation term (g’) can be written as (PS−σ/Rnose)(H−2δ)L̇B.

• The two terms involving PS derived in the two bullet points above can be

subtracted, resulting in a single term σ/Rnose(H − 2δ)L̇. This term can be

combined with the other term involving surface energy, which is (b’). Doing

so results in a single expression for all surface energy contributions as (H −
2δ)σL̇( 1

H−2δ −
1

Rnose
) ≈ (H − 2δ)σL̇( 1

H −
1

Rnose
), provided that δ � H.

• Finally the terms involving kinetic energy, (c’) and (h’), can be combined into

the single term 1
8(H − 2δ)ρV 2LBL̇BL̈B by simple substitution.

After applying the steps described in the bullet points above Eqn. E.3 can be

condensed into

ρV (H − 2δ)L̇BL︸ ︷︷ ︸
(a′′)

+ (H − 2δ)σL̇B( 1
H −

1
RN

)︸ ︷︷ ︸
(b′′)

+TS
dσ

dT

∣∣
TS
L̇B︸ ︷︷ ︸

(c′′)

+

1
4ρV (H − 2δ)LBL̇BL̈B︸ ︷︷ ︸

(d′′)

= λL/δ∆T (LB −Rnose)︸ ︷︷ ︸
(e′′)

(E.4)

leaving only five terms remaining.

Collection of significant terms To assess the significance of the terms in

Eqn. E.4 an estimation was made using the physical properties of water and the

actual geometry of the mini-channel used in the experiments. The bubble length,

velocity and acceleration were estimated to be 1 cm, 1 m/s and 500 m/s2, which are

in line with the experimental observations. The change in internal energy due to

vaporization is estimated to be of the order O(a′′) = 102 W. The change in surface

energy by the curvature of the bubble nose isO(b′′) = 10−1 W. The change in surface

energy due to expansion of the bubble is O(c′′) = 10−2 W. The changes in kinetic

energy are O(d′′) = 10−4 W. Finally heat exchange with with surroundings is of the

order O(e′′) = 103 W. This shows that only terms (a”) and (e”) are significant with

the other terms being less than 1 % of (a”).
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From the order-of-magnitude estimation shown above it was concluded that ki-

netic energy within the control volume is insignificant. This can be understood

intuitively: although the velocity and acceleration in the bubble might be high, the

bubble mass density is low, which makes the term 1
2ρV u

2 small compared to the

thermal energy terms involved. But in this consideration the liquid slug in front of

the bubble was not considered (see e.g. Fig. E.1). The liquid slug which is present

upstream the bubble will have a similar velocity and acceleration as the bubble,

but a significantly higher mass density ρL, with ρL/ρV ≈ 1600 for the water/steam

system. Therefore kinetic energy contributions could be significant, although they

take place outside the control volume considered here. A quick estimation: if the

liquid slug has a velocity and acceleration equal to the bubble, then its kinetic en-

ergy contribution will be of the order d
dt(

1
2mu

2) = ρLLSHL̇BL̈B. For a liquid slug

10 times the bubble length this term is of the order 101, which is ≈ 1-10 % of O(a′′).

This shows that the kinetic energy of the liquid slug can be a factor of importance

in some cases. Further analysis of this contribution is performed in Appendix G.

Prediction of the bubble growth time scale In order to predict the growth

rate of a vapour bubble using Eqn. E.4, the equation is cast into a more manageable

form. First all terms deemed insignificant are neglected, with only terms (a”) and

(e”) remaining. This leaves us with

L̇B =
dLB
dt

=
λL∆T

δ(H − 2δ)ρV L
(LB −Rnose) (E.5)

which is a first order differential equation in LB. Equation E.5 shows that the

growth rate of the bubble dLB/dt is proportional to the length of the flat film region

(LB−Rnose), multiplied with a proportionality constant α = λL∆T/(δ(H−2δ)ρV L).

Within the proportionality constant α the liquid film thickness may depend on space

and time, i.e. δ = δ(x, t), while the other parameters are constant in good approx-

imation, as they are either physical properties (λL, ρV ,L) or system parameters

(∆T,H). Integrating Eqn. E.5 over time from LB(0) at t = 0 to LB(t) at the final

time t taking into account that δ = δ(x, t) gives

d(ln(LB(t)−Rnose))/dt = β
1

t

t∫
0

1

L

L∫
0

λL
δ(H − 2δ)

dx dt (E.6)

with β = ∆T/(ρV L). Eqn. E.6 gives an implicit expression for the bubble length

in time, with the double integral on the r.h.s. accounting for the space and time

dependence of the inverse of the liquid film thickness. This shows that the expected
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bubble length evolution depends on the functional form of δ = δ(x, t), which is not

precisely known. As no detailed information on the dependence of the liquid film

thickness on space and time was available, Eqn. E.5 was instead integrated using

the space and time-averaged value of δ, called δ, which gives

LB(t)−Rnose =
(
LB(0)−Rnose

)
etF /τBG , τBG =

δ(H − 2δ)ρV L
λL∆T

(E.7)

with τBG the time constant of bubble growth and δ the space and time-averaged

liquid film thickness. For the special case of a long bubble (LB � Rnose) featuring

a thin liquid film (δ � H) Eqn. E.7 can be simplified further into

LB(t) = LB(0)etF /τBG , τBG =
δHρV L
λL∆T

(E.8)

When LB > 20Rnose and δ < H/50 the difference between Eqns. E.7 and E.8 is less

than 10 % for LB(t)/LB(0) = 20.

The accuracy by which we can predict the bubble growth rate will be limited by

the uncertainty in the thermal conductance between the bubble and the wall, which

is captured by the term behind the integral signs at the r.h.s. of Eqn. E.6. The true

film thickness which exists at each time and place depends on the instantaneous

bubble geometry. The time and space-averaged value of the inverse of the film

thickness (as it occurs in Eqn. E.6) will depend also on the expected time evolution

of the bubble length LB(t). For example, if the bubble grows exponentially, then

the inverse of the film thickness which exists at earlier times (t close to t = 0) will

have a much greater weight in the averaging than the inverse of the film thickness at

later times. This occurs because the time the bubble spends at a particular length

decreases exponentially with time. Another source of inaccuracy is the assumption

that the bubble nose has no contribution in heat transfer. As the bubble nose moves

forward during growth it is likely to encounter superheated liquid which resides at

positions upstream of the bubble. This makes that the heat flux from the liquid

towards the bubble nose is probably not negligible, particularly for bubbles of limited

elongation.



APPENDIX F

Wall temperature fluctuations during bubble

growth

In our experiments boiling in the slug flow regime takes place; in this flow regime a

section of the channel wall is periodically covered by a vapour bubble followed by the

passage of a liquid slug. This leads to a periodic fluctuation in the heat flux from

the channel wall towards the fluid, which may result in temperature fluctuations

inside the channel wall. It is important to asses the magnitude of this effect, as the

growth dynamics of the vapor bubble in the channel is highly affected by the local

wall temperature close to the bubble.

In order to assess the magnitude of wall temperature fluctuations one might ex-

pect under typical operating conditions in our experiments, a series of 2D numerical

simulations were performed. The simulations were based on the actual geometry of

the test section, with the actual dimensions and materials of construction used in

the experiment. In the simulation a cross-sectional slice of the experimental setup is

examined (see Fig. 3.3). The test section body is composed of a copper block, which

contains the microfluidic channel at the top and is heated from the bottom by a

resistive heating element. The sides and top of the copper block and glass cover are

fitted with thermal insulation plates to minimize heat loss. In the simulation heat

conduction in the copper block is resolved by solving Poisson’s equation. All exter-

nal boundaries were considered thermally insulated except for the bottom, which

was maintained at a constant heat flux (to simulate energy input by the heater).

Fluid flow and phase change heat transfer occurring in the microfluidic channel are

not accounted for. Instead cooling of the copper block by the mini-channel is simu-

lated using constant temperature or constant heat flux boundary conditions at the

microfluidic channel wall. In all simulations performed only the boundary condi-

tions at the bottom of the copper block and the microfluidic channel walls were
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varied. To arrive at the final result (assessing the magnitude of temperate fluctua-

tions occurring inside the channel wall) three steps were taken, which are explained

below.

First a stationary simulation was performed (sim. 1). In this simulation the

bottom of the copper block was set to a constant heat flux, which was chosen the

same as in the experiments (5 × 104 W/m2). The temperature of the microfluidic

channel walls was prescribed to a value 10 K above the boiling point of the fluid,

which is a typical value of ’superheat’ encountered in the experiments. To verify

that the simulation is appropriate, the simulated temperature at the thermocouple

location was compared to the measured temperature in the experiment, which gave

a maximum difference of 2 K.

Next a time-dependent simulation was performed (sim. 2), in which the bound-

ary conditions were interchanged. Now the bottom of the copper would be main-

tained at a constant temperature, while the walls of the microfluidic channel were

maintained at a constant heat flux. The boundary conditions and initial conditions

in sim. 2 were adopted from the output of sim. 1. Hence, one would expect that

sim. 2 gives the same results as sim. 1, being constant in time. Upon inspection of

the simulation output this was indeed the case.

As a third and final step (sim. 3) the heat flux at the microfluidic channel wall

was made time-dependent. This was done by switching periodically between the

’single phase liquid’ heat flux q′SP and the ’thin film vaporization’ heat flux q′TF ,

as indicated in Table 3.7. The ratio of those two heat fluxes was a factor 5 and

the period was 20 ms, which is the typical the bubble growth timescale τBG for

water and isopropanol (IPA) in our experiments. The switching between boundary

conditions resulted in an oscillating temperature field in the copper block. The

simulation time was chosen 40 times the oscillation period (800 ms). This ensured

that at later times in the simulation the results became independent of the initial

temperature field. The temperature at the thermocouple location and the bottom-

wall of the microfluidic channel are included in Fig. 3.23 for the final 5 oscillation

periods.



APPENDIX G

Estimation of pressure fluctuations during bubble

growth

In our experiments boiling in the slug flow regime takes place; which is characterized

by the growth of distinct vapor bubbles, separated by a liquid slug. Growth of the

vapour bubble typically leads to a rapid acceleration of the bubble nose, with the

bubble rear remaining stationary. In order for the bubble nose to accelerate, also

the liquid slug downstream has to undergo the same motion, which might require a

significant force (acceleration, friction). The forces involved in bubble growth may

in fact be so large, that significant pressure fluctuations occur inside the bubble.

Since the saturation temperature at the bubble interface is directly coupled to the

pressure in the bubble (TS = TS(PB)), this would mean that the local boiling point

might also fluctuate. In order to understand the growth dynamics of the vapour

bubble, it is important to asses the magnitude of these pressure fluctuations, to

see if they can significantly affect the local saturation temperature at the bubble

interface. Measuring the pressure in the bubble experimentally has proven to be

difficult, considering the small time and length scales involved. Therefore another

approach was chosen, in which the pressure in the growing bubble is estimated using

a simple momentum balance, taken from the existing literature [93, 92].

The experiments were performed in a rectangular channel of aspect ratio ε = 6.

The derivations shown below are based on flow between parallel plates (ε → ∞),

which gives rise to significant simplifications in the governing equations. This leads

to an approximate solution, sufficient for order-of-magnitude estimations. In fact, it

can be shown that for a different geometry (e.g. a circular or square tube) a similar

solution is found, differing only in the values of the numerical constants.

Consider a growing vapour bubble of length LB(t) at time t between parallel

plates of length LP and gap height H (see Fig. G.1). The liquid plug in front of
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H
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P=P0
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volume

P=P1
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Figure G.1: Schematic of a 2D vapour bubble growing between parallel plates with

a liquid plug downstream.

the bubble has a viscosity ηL and mass density ρL. The control volume is defined as

the bounding box between the bubble rear and the end of the plate. The pressure

directly upstream of the control volume is P1(t), the pressure directly downstream

the control volume is P0, the atmospheric pressure. The fluid flow inside the con-

trol volume is considered to be laminar with a parabolic velocity profile, having a

centreline velocity equal to L̇B. A momentum balance over the control volume in

the x-direction gives

d

dt

∫
V–
ρLux dV– =

∫
A

(−pI + τ) · ex dA−
∫
exit

ρL〈u2
x〉 dA (G.1)

with ux and and ex the velocity and unit vector in the x-direction, p the pressure,

I the identity matrix and τL the viscous stress tensor. The second r.h.s. term of

Eqn. G.1 represents momentum outflow, which scales with the square of the height-

averaged velocity 〈u2
x〉. This term is found by integration over the channel height

as

〈u2
x〉 = L̇2

B
2
H

∫ H/2

0

(
1−

(
2y
H

)2
)2

dy = 8
15 L̇

2
B (G.2)

The integral of the pressure term (1st r.h.s. term of Eqn. G.1) gives the pressure

force FP , which is FP = H(P1 − P0). In order to integrate the viscous stress term

(2nd r.h.s. term of Eqn. G.1) it is presumed that the velocity profile in the liquid

plug is parabolic. This results in a friction force FF = 8ηL
H L̇B(LP − LB) using the

Hagen-Poiseuille equation for parallel plates. In reality the velocity profile in close

vicinity to the bubble nose will not be strictly parabolic. Since the shear stress that

actually occurs is higher than presumed here our expression for FF is a conservative

estimate of the true friction force. By substituting the expressions for 〈u2
x〉, FP and
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FP into the momentum balance (Eqn. G.1) one obtains

d

dt

(
2
3ρLL̇B(LB − LP )

)
= − 8

15ρLL̇
2
B −H(P1− P0)− 8ηL

H
L̇B(LP − LB) (G.3)

By differentiating the bracketed term on the l.h.s. of Eqn. G.3 w.r.t. time and

rewriting the result in terms of the pressure difference (P1 − P0) one obtains

(P1 − P0) =

(
2
3ρLL̈+

8ηL
H2

L̇

)(
LP − L

)
− 2

15ρLL̇
2 (G.4)

which shows that pressure fluctuations in the liquid slug are coupled to the growth

dynamics of the bubble. The first term accounts for acceleration of the liquid slug,

scaling with ρLL̈. The second term accounts for viscous dissipation in the liquid,

which scales with ηLL̇. Both former terms are proportional to the liquid slug length

(LP−L). The third term accounts for momentum outflow; as the liquid slug becomes

shorter in time momentum leaves the control volume at a rate proportional to ρLL̇
2.

To assess the effect of these pressure fluctuations on the saturation temperature

at the gas-liquid interface, one must first determine the pressure inside the bubble

PB. This is equal to PB = P1 − σ
R , with σ being the surface tension coefficient and

R the principal radius of curvature of the interface, which is considered constant in

this analysis. The saturation temperature TS at the bubble interface, corresponding

to the bubble pressure, is calculated using an equation of state (Antoine equation)

as

TS =
B

A− log10 PB
− C (G.5)

Together, Eqns. G.4 & G.5 predict that bubble growth results in an increase of the

saturation temperature at the gas-liquid interface. This reduces the driving force

for vaporization TW − TS , with TW being the wall temperature. The magnitude

of this effect is assessed in the main text of this work (Section 3.5.3, Table 3.8),

where Equations G.4 & G.5 are evaluated using the measured bubble velocity and

acceleration.
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during their master thesis and PDEng projects: thanks for your engagement in my

research and for your exhibitions of personal growth and academic development. To

my colleagues, in present and past: Maurillio, Anke, Arthur, Pia, Jasper, Arturo,

Arnab, Carola, Vince, Ria, Vishnu, Brandon, Amin, Rodrigo, Alexei, Roy, Roel,

Yubin, Alperen, Serena, Arash, Carlos, Rohid, German and Kostas. I will never for-

get our sincere conversations, hilarious jokes and interesting discussions on cultural

differences, languages, foods and many other aspects of life. I feel enriched by the

opportunity I got to meet all of you and to share with you some part of our journey

through education and life.

In this paragraph I’d like to say a few words to the office mates I most interacted

with. Anke, thanks for engaging in our ‘office diploma challenge’, by boasting to us

your zwemdiploma, draaiorgel-certificate, bokkerijders-medal and other important

achievements. This helped me to cheer up and put things into perspective, realiz-

ing that some day also our ‘PhD-diplomas’ would appear on that very same wall.

Maurillio, thanks for being my running buddy. I also have happy memories of our

practical jokes, for example when I found my entire office wrapped in aluminium

foil. I wish you the best of luck in your future career; I hope you will find a new office

mate who appreciates a good joke from time to time. Jefferson, I’m sorry we never

got the opportunity to meet. Arthur, although your stay in our office was short,

your presence in our group has not gone unnoticed. Over the course of six months

you transformed from an initially shy person into a leading coffee-break enthusiast!

Thank you for your kindness, your welcoming attitude and your passion for Brazil,

through which I’ve learned a lot. Pia, having started our PhD projects around the

same time, we went through some of the same waves of struggle and despair in our

research. In those moments it was always nice hearing about your successes, as they

would lift me and help me realize that through hard work and dedication results are

inevitable. I think that you did a great job and I’m looking forward to celebrating

our successes together at our goodbye party. Jasper, thank you for your drive and

enthusiasm, through which many group activities and borrels have been organized.

I have happy memories of our times together in sports events, pub-quizzes and, last

but not least, in playing pong with John. I wish you the best of luck with the ‘laat-



153

ste loodjes’ of your PhD project and keep it up! Arnab, thanks for your relaxing

presence, humour and relativism. You’re a cool guy to drink a beer with, who is

able to engage in a sensible conversation about virtually any topic; from hamburgers

to religion, this guy has seen it al. Highly recommended! Carola, thanks for always

showing interest in the contents of my blue lunch box, which was a great conversa-

tion starter. I’m happy to have met you and I will never forget your optimism and

humour. Keep in mind that I might contact you in future whenever I’m doubtful

if the weather is good enough for an outside lunch. Arturo, I will remember your

easy going attitude, your jokes and your positivity. Please keep doing what you do,

even if that requires playing Reggaeton on full volume in the lab. Ria, I’m sorry

that I sometimes took candies from your office without telling you. Having done the

pre-master program with you, I had the opportunity to be your class mate for quite

some time. I’ve always admired your determination, drive and friendliness through-

out these years. It was nice to have worked with you and take care for your future.

Vince, thank you for all those occasions in which I walked past you in the hallway,

which reminded me to renew my gym subscription. I hope that one day I will also

be able to cycle straight from stratum to the HIT, perhaps stopping in between for

a kebab sandwich. Take care of yourself and your bacteria and thank you for all the

fun and party moments that you introduced into our group. Amin, when it comes

to the Art of making Bad Jokes, you have proven yourself a worthy ally. Now that

I’m no longer around, it is up to you to continue this Quest. All jokes aside, it was

nice having you around and I wish you the best in your PhD and in the future steps

that will follow. Vishnu, thank you for your joyful presence during the coffee breaks

and lunch moments; your smile has the ability to make everybody in the room cheer

up, which is a great gift. Also your weekly updates on the latest myths and hoaxes

are highly appreciated. I still haven’t been able to find the instant powdered beer

you once mentioned; I’ll let you know as soon as I’ve found it. Try not to get too

distracted and stay focussed on your research. You can do it!



154 Acknowledgements

Ik wil mijn ouders bedanken omdat zij er altijd waren als een vast fundament

onder ons gezin. Dit gaf mij een solide basis van waaruit ik dit onderzoek hebben

kunnen doen. Dank aan Mathijs, Elize en Annelei, voor jullie interesse in mijn on-

derzoek en voor het warme ‘nest’ waarin ik kon thuiskomen. Elize: ik heb dit boekje

aan jou opgedragen vanwege jouw positieve houding, je humor en jouw vermogen

om te genieten van de kleine dingen in het leven. Zoals jij dat deed, zo wil ik het

ook doen. Ik wil mijn familie, opa’s en oma’s en Gerrie en Gert bedanken voor

hun aanmoediging en motiverende woorden tijdens mijn promotie periode. Voglio

ringraziare la mia ”famiglia italiana” per aver creato un’atmosfera perfetta per sen-

tirmi a mio agio. Il mio ringraziamento speciale va a Stella per essere stata la mia
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