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I 
 

Abstract 
 

 

 

Steam methane reforming (SMR) is a well-established technology and widely applied in the industry 

for hydrogen production. However the world is moving towards more sustainable and more efficient 

hydrogen production processes which also includes carbon dioxide capture. Therefore several 

processes are being studied and developed to produce pure hydrogen from methane which requires 

lesser energy as well as captures the formed CO2. This study is focused on one such promising process 

for H2 production from methane, that is sorption enhanced steam methane reforming. 

In this study experimental validation of the reactor model describing the process, and developed in 

previous study [1], is performed. Experiments are performed at atmospheric pressure in a small scale 

fixed bed reactor, containing mixture of CaO-based sorbent supported on mayenite (Ca12Al14O33)  and 

a Ni-based reforming catalyst supported on CaAl2O4. The effect of bed composition, temperature, 

methane residence time and percentage feed dilution on hydrogen production are studied. Obtained 

experimental results are used to evaluate the model performance for different operating conditions 

and recommendations for future improvements are developed. 

The model is predicting good results at low methane residence time (1.2 seconds) and high operating 

temperature (650 and 700 OC). At higher methane residence time, SMR kinetics appears to over predict 

H2 production and at lower temperature, water gas shift (WGS) kinetics appears to under predict H2 

production. Calcium kinetics over predicts carbonation rate at higher conversions and non-inclusion of 

diffusion resistance through product layer appears to be a reason. Instable CO2 capture capacity of the 

used sorbent adds up to the difficulty for model validation.  
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Nomenclature 
 

 

 

Nomenclature   

Symbol  Description Dimension 

𝑎, 𝑏 Stoichiometric coefficients for carbonation reaction - 

𝐴𝑖  Pre-exponential factor of SMR and WGS molm-3bar-1s-1 

 Pre-exponential factor for Carbonation m3mol-1s-1 

𝐶𝑖 Concentration of gas component i molm-3 

𝐶𝑖
𝑒𝑞

 Equilibrium concentration of gas component i molm-3 

𝐶𝑝,𝑔 Gas heat capacity Jkg-1K-1 

𝐶𝑝,𝑠 Solid heat capacity Jkg-1K-1 

𝑑𝑝 Particle diameter m 

𝑑𝑟 Reactor diameter m 

𝐸𝑎𝑐𝑡 Activation energy Jmol-1 

𝐸𝑎𝐾 Activation energy for the kinetic regime Jmol-1 

𝐸𝑎𝐷 Activation energy for the both diffusion and kinetic regime Jmol-1 

𝐷𝑎𝑥 Axial mass dispersion m2s-1 

𝐷𝑜 Pre-exponential factor m2s-1 

𝐷𝑝 Apparent product layer diffusion m2s-1 

𝐹𝑚 Mass flow Kgm-2s-1 

ℎ𝐿,𝐾−𝐷 Product layer thickness m 

𝑘𝑖 Reaction rate coefficient m3mol-1s-1 

𝐾𝑖 Equilibrium constant for gas phase reactions - 

𝐿𝑜 Initial total pore length of pore system 𝑚𝑙𝑚𝑣
−3 

𝑀𝑤,𝑔,𝑖 Molecular weight of gas component i Kgmol-1 

𝑀𝑤,𝑠,𝑖 Molecular weight of solid component i Kgmol-1 

𝑀𝐶𝑎𝑂 Molecular weight calcium oxide Kgmol-1 

𝑛 Reaction order - 

𝑁𝑢 Nusselt number - 

𝑝𝐶𝑂2

𝑒𝑞  Equilibrium pressure of CO2 Pa 

𝑝𝑖  Pressure of gas component i Pa 

𝑝𝑜 Atmospheric Pressure Pa 

𝑃𝑒 Peclet number - 

𝑃𝑟 Prandtl number - 

𝑅𝑖 Pore radius m 

𝑅 Gas constant JK−1mol−1 

𝑟𝑖 Reaction rate molm-3s-1 

𝑅𝑒 Reynolds number - 

𝑆𝑐 Schmidt number - 

𝑆𝑜 Initial surface area 𝑚𝑠
2𝑚𝑣

−3 
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𝑇 Temperature K 

𝑇𝑜𝑣𝑒𝑛 Temperature of oven K 

𝑤𝑎𝑐𝑡,𝑠
𝑜  Initial active solid component weight fraction KgKg-1 

𝑤𝑔,𝑖 Gas component weight fraction KgKg-1 

𝑤𝑔,𝑖
𝑖  Gas component weight fraction in feed gas KgKg-1 

𝑤𝑠,𝑖 Solid component weight fraction KgKg-1 

𝑊𝑏𝑒𝑑 Weight of reactor bed kg 

𝑋𝑖  Solid component conversion KgKg-1 

Z Ratio volume fraction after and before reaction - 

Δ𝑟𝐻𝑖 Reaction enthalpy Jmol-1 

   

Greek symbols   

Symbol  Description Dimension 

𝜀𝑝 Particle porosity 𝑚𝑔
3𝑚𝑝

−3 

𝜀𝑔 Void fraction of the bed 𝑚𝑔
3𝑚𝑟

−3 

𝜁 Stoichiometric coefficient - 

𝜂 Effectivity coefficient - 

𝜂𝑔 Gas viscosity Pas 

𝜆𝑒𝑓𝑓 Effectivity thermal conductivity Wm-1K-1 

𝜆𝑔 Thermal conductivity of the gas Wm-1K-1 

𝜆𝑜 Thermal conductivity of the empty bed Wm-1K-1 

𝜉𝑖  Amount of reaction taking place molm-2s-1 

𝜌𝑔 Gas density Kgm-3 

𝜌𝑠 Solid density Kgm-3 

𝛼 Heat transfer coefficient Wm-2K-1 

𝜏 Characteristic time s-1 

𝜈𝑜(𝑟) Pore radii distribution - 

   

Abbreviations   

PHM Pseudo-homogeneous model  

RPM  Random pore model  

SCM  Shrinking core model  

S/C ratio Steam to methane ratio  

SER  Sorption enhanced reforming  

SMR  Steam methane reforming  

WGS Water gas shift  
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Chapter 1 

 

1. Introduction 
 

 

 

1.1 Background 

Fossil fuel combustion is the major contributor for increasing CO2 concentration in the atmosphere 

which consequently leads to global warming [2]. Consumption of fossil fuels is predicted to increase in 

the coming years to meet the increasing energy demand of the world, therefore there is an imperative 

need to reduce greenhouse gas emissions [3]. CO2 capture and storage technology (CCS) possesses 

potential to reduce these CO2 emissions by producing concentrated CO2 streams from fossil fuel power 

plants which can be transported to a safe storage sites [2]. Different approaches has been taken 

towards CO2 capture at pre-combustion as well as post combustion stage. Amine scrubbing is one of 

the most common pre-combustion CO2 capture technology used during production of H2 from natural 

gas (which is mainly done by steam methane reforming) [1,2]. But there is increasing interest towards 

developing other efficient CO2 capture technologies for large scale hydrogen production and/or power 

generation[4]. This work focuses on a new pre-combustion CO2 capture process: Sorption enhanced 

reforming (SER). 

Steam methane reforming (SMR) is the main process for large-scale production of hydrogen since it is 

the most established and economical production route [5,6]. SMR is a two-stage process: first the 

reforming reaction (SMR), Equation 1.1, carried out at high temperature (usually from 900 K to 1200 

K) and high pressures (from 5 to 25 bar), and an additional water gas shift (WGS) reaction at a lower 

temperature (typically from 473 K to 673 K) in order to maximize the CO conversion by means of 

Equation 1.2 [1]. It is challenging to achieve complete conversion of CH4 and CO in conventional steam 

reforming since both the involved reaction are equilibrium limited. Also a high heat duty source is 

required since the overall process is very endothermic [7]. Moreover, CO2 emissions associated to SMR 

are significant and the need to burn fuel in the reformer to sustain reforming reactions further adds to 

the amount of CO2 release [6]. 

𝐶𝐻4 + 𝐻2𝑂 ↔ 𝐶𝑂 + 3𝐻2       ∆𝑟𝐻298 𝐾 = 206 𝐾𝐽/𝑚𝑜𝑙                              𝐸𝑞. (1.1)  

  𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2        ∆𝑟𝐻298 𝐾 = −41 𝐾𝐽/𝑚𝑜𝑙                              𝐸𝑞. (1.2)  

These challenges can be overcome by sorption enhanced reforming (SER). In SER, CO2 is removed in 

situ via a highly exothermic reaction with CaO towards CaCO3[8]. In the reactor, the reforming catalyst 

is combined with CaO, so that SMR and WGS reactions occur simultaneously together with the 

carbonation of CaO to CaCO3, Equation 1.3. 

𝐶𝑂2 + 𝐶𝑎𝑂 ↔ 𝐶𝑎𝐶𝑂3          ∆𝑟𝐻298 𝐾 = −178 𝐾𝐽/𝑚𝑜𝑙                            𝐸𝑞. (1.3)  



2 
 

Due to the removal of CO2, the equilibrium of the WGS and SMR reactions shifts to the right, according 

to Le Chatelier’s principle, thus increasing the conversion of methane. Also the overall reaction, 

Equation 1.4, is slightly exothermic in nature therefore no additional energy is required for hydrogen 

production process. 

𝐶𝐻4 + 2𝐻2𝑂 +  𝐶𝑎𝑂 ↔ 𝐶𝑎𝐶𝑂3 + 4𝐻2       ∆𝑟𝐻298 𝐾 = −14 𝐾𝐽/𝑚𝑜𝑙                      𝐸𝑞. (1.4)  

In order to be able to perform multiple cycles, it is necessary to regenerate the sorbent by calcining 

the CaCO3 formed during the SER stage. This reaction is highly endothermic leading to the need of high 

heat duties. Several solutions have been proposed to supply the large amount of energy required 

without losing the benefits of SER. Some of the proposed strategies to regenerate the CaCO3 are 

pressure swing to decrease the equilibrium pressure of CO2 in the calcination step or the temperature 

swing [9]. However some of the drawbacks of these options are high equipment costs and poor 

thermal efficiencies [1]. A newly developed idea to solve this problem is combining sorption enhanced 

reforming with Cu chemical looping process [10].  

In this process the heat needed for calcination is supplied in situ by the exothermic reduction of CuO 

with fuel gas, which can be either hydrogen, carbon monoxide or methane (Equation 1.5 – 1.7, 

respectively). The right Cu/Ca ratio in the bed, is determined in order to have energy neutral operation 

and it depends on the gases used in the reducing step. 

𝐶𝑢𝑂 + 𝐻2 → 𝐶𝑢 + 3𝐻2𝑂       ∆𝑟𝐻298 𝐾 = −86 𝐾𝐽/𝑚𝑜𝑙                      𝐸𝑞. (1.5)  

𝐶𝑢𝑂 + 𝐶𝑂 → 𝐶𝑢 + 𝐶𝑂2        ∆𝑟𝐻298 𝐾 = −127 𝐾𝐽/𝑚𝑜𝑙                      𝐸𝑞. (1.6)  

4𝐶𝑢𝑂 + 𝐶𝐻4 → 4𝐶𝑢 + 2𝐻2𝑂 + 𝐶𝑂2       ∆𝑟𝐻298 𝐾 = −170 𝐾𝐽/𝑚𝑜𝑙                      𝐸𝑞. (1.6)  

Upon completion of SER operation, a subsequent oxidation of Cu with air, Equation 1.7, is required in 

order to obtain CuO, which is then used to carry out the sorbent regeneration by calcination of CaCO3. 

This reaction must be carried out at such conditions that the calcination of CaCO3 is minimal in order 

to avoid the loss of CO2. This can be achieved by using low operating temperature, high operating 

pressure, low oxygen flow rate or mixing the feed with some CO2 [1]. 

𝐶𝑢 +
1

2
𝑂2 → 𝐶𝑢𝑂       ∆𝑟𝐻298 𝐾 = −156 𝐾𝐽/𝑚𝑜𝑙                     𝐸𝑞. (1.7)  

The overall process scheme is shown in Figure 1.1, where the three major steps are shown. During the 

first step, hydrogen-rich stream is produced by steam reforming of CH4 over Nickel in the presence of 

CaO. CaO is carbonated to CaCO3 and the copper does not react during this stage. 

In the second step, CuO is generated by oxidation of Cu with air at condition such that the calcination 

of CaCO3 is minimal. The third step is sorbent regeneration where calcination of CaCO3 is done via heat 

generated from the reduction of CuO to Cu with a fuel gas.  

The focus of this study is the first step of this looping process, which is sorption enhanced reforming 

of methane to produce H2. 
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Fig. 1.1 - Overall process scheme of the Ca/Cu chemical looping process 

11.2 Sorption Enhanced Reforming 

Sorption enhanced reforming process has been widely studied and reported in the literature due to 
it’s potential of producing a product gas stream containing high vol.% H2 (dry basis) at a temperature 
varying from 600 to 700 OC by the use of CaO-based sorbent while also capturing the produced CO2. 
The process not only eliminates the need of additional water gas shift reaction and complicated 
downstream H2 purification steps but also eliminates the need of additional energy in the reforming 
reactor [4]. 

Sorbent and catalyst used in the process determines the development of adequate SER process. The 
sorbent should have an adequate CO2 carrying capacity and fast kinetics for CO2 capture and 
regeneration. CaO based sorbents have been stated as appropriate from thermodynamic perspective 
due their ability to react at moderate temperatures between 600 to 700 OC and low CO2 partial 
pressures [6]. Naturally derived CaO-based sorbents, from limestone or dolomite, have been 
increasing reported in literature because they are extremely cheap and widely distributed. However 
the loss of CO2 capture capacity over multiple cycles might be one drawback for SER process [11]. This 
reason has also motivated varies studies on synthetic CaO-based sorbents as an alternate to naturally 
derived sorbents. Synthetic sorbents has shown improved characteristics of long-term sorbent 
capacity and durability [6]. One particularly promising group of sorbents is the one supported on inert 
support such as mayenite (Ca12Al14O33). The inert support enhances the reactivity of CaO, provides 
more mechanical strength and provides better attrition resistance. A new cost effective and high 
performance bi-functional composite material consisting of CaO and CuO, supported on mayenite, is 
developed recently, and thus possess potential for experimental studies in future [2]. For catalyst 
selection, Nickel supported on inert materials has been widely discussed and proposed in the literature 
for methane reforming due to its high activity and relatively low price [12]. α-Al2O3 is one commonly 
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used catalyst support although it possess problems of carbon deposition and possible catalyst 

deactivation due to side reactions during reforming process. 

In previous studies sorption enhanced reforming has been experimentally demonstrated using either 

fixed bed or fluidized bed reactors at lab scale. Multiple experimental studies have been carried out in 

fixed bed reactors either using natural CaO-based sorbents or synthetic sorbents. However operating 

conditions of sorption enhanced reforming system strongly determines the process efficiency. Various 

experimental studies have been done in past to define guidelines for the operating conditions, to 

achieve best results, with sorption enhanced reforming [13]. These studies focused on effect of 

temperature, pressure and steam-to-carbon ratio. Various attempts to create reactor models which 

can best predict the process behavior has also been made [5,14,15].  

A one dimension pseudo-homogeneous fixed bed reactor model was developed in a previous work [1]. 

In the present work experimental study is done in order to validate the sorption enhanced reforming 

step of this reactor model. A study on the effect on hydrogen production by different parameters such 

as bed composition, operating temperature, methane residence time and percentage feed dilution 

with nitrogen is carried out. Experimental results are used to validate reactor model and analyze model 

performance for different conditions. Moreover a roadmap for further studies is obtained. 
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Chapter 2 
 

2. Experimental Section 
 

 

 

22.1 Experimental Setup 

2.1.1 Catalyst specifications 

Ni-based catalyst supported on CaAl2O4, is used in this study since it has high activity and relatively low 
price [12]. CaAl2O4 also prevents formation of Nickel aluminates (NiAl2O4) during the oxidation phase 
thus preventing any catalyst deactivation since Nickel’s reactivity can be strongly affected by the 
formation of aluminates [16,17].  

17%wt NiO supported by CaAl2O4 is commercially available in pelleted form and widely used for steam 
reforming processes and therefore is also used in this study. The pellets are crushed and sieved to the 
particle size varying from 0.6 mm to 1.4 mm. This is done in order to maintain a similar size distribution 
as that of sorbent used. Experimentally it is checked that this particle size does not create significant 
pressure drop with the reactor setup used. Figure 2.1 (a) shows the catalyst used in the experiments. 

2.1.2 Sorbent specifications 

CaO-based sorbents supported on inert matrix support of mayenite (Ca12Al14O33) has been used. The 
inert support enhances the reactivity of CaO, provides more mechanical strength and provides better 
attrition resistance. 

The calcined sorbent is composed of 93%wt of CaO and 7%wt of Ca12Al14O33. The particles size range 
between 0.6 mm to 1 mm is used (around 10 times smaller than reactor’s internal diameter). Figure 
2.1 (b) shows the sorbent used in the experiments. 

 
Fig. 2. 1 - (a) NiO/CaAl2O4 , (b) CaO/Ca12Al14O33 
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2.1.3 Reactor specifications and working principle 

For experimental investigation of sorption enhanced reforming, a fixed bed reactor setup has been 
used. Since different bed compositions are studied, it is advantageous to use small scale reactor 
instead of existing bigger packed bed reactor to prevent excessive usage and wastage of sorbent and 
catalyst. Therefore a new reactor is developed and integrated into an existing setup for this study. 
Figure 2.2 (a) shows the reactor which is used. The fixed bed reactor has internal diameter of 0.8 cm 
and the total length of 50 cm. Two thermocouples are fitted to measure the inlet and outlet 
temperature, one at each end of the reactor, going down 15 cm from the end of the reactor. This 
means the actual sorbent and catalyst mixture is only put in the middle 20 cm of the reactor and the 
rest is supported by clay. The reactor is kept inside an oven, as shown in Figure 2.2 (b), which is used 
to heat up the reactor and control the temperature inside it.  

 
Fig. 2. 2 - (a) Packed bed reactor (left), (b) Experimental setup (right) 

A schematic overview of the setup used for experimentation has been illustrated in Figure 2.3. The 
feed gas flow rate and composition of gasses is controlled by mass flow controllers and steam is 
produced by CEM (control evaporation and mixing). Mixture of gasses flows through the bed where 
the clay support at inlet heats up the inlet gases to the desired temperature by heat exchange. When 
gasses reaches the central portion of reactor, containing catalyst and sorbent mixture, reforming, shift 
and carbonation reactions take place. The flow downstream the reactor is cooled down by a condenser 
to separate the left over water in the product. The dry gasses mixture is then sent to an analyzer, 
connected to PC, which measures the % molar fraction of CH4, H2, CO and CO2 in the mixture using N2 
as a base. Dilution of the inlet and outlet streams with N2 is done to ensure exit concentrations are 
within the operational ranges of the analyzer (maximum 50 vol% for any component). 

To prepare the reactor for experimentations, a desired proportion of sorbent and catalyst particles are 
mixed and placed inside the reactor. It is essential to treat sorbent (done by a cycles of carbonation 
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and calcination of sorbent) and activate catalyst (reducing NiO to Ni by the use of H2) before 

experiments can be run. This is done by first heating the bed to 600 OC and then sending CO2 diluted 

with N2 through the bed which causes carbonation of CaO to CaCO3. Then to calcine CaCO3 back to CaO 

and release captured CO2, bed is heated to 900 OC. At 900 OC, H2 diluted with N2 is also passed through 

the bed, to reduce NiO to Ni, and activate the catalyst. The bed is then cooled down to desired 

operating temperature to perform desired set of experiments. All the experiments are performed at 

atmospheric pressure. 

 
Fig. 2. 3 - Schematic overview of the experimental setup 

Performance of Sorption enhanced reforming step can be studied by plotting molar fraction of gasses 

at the outlet with respect to time. Figure 2.4 shows a typical response obtained from a complete cycle 

of SER experiment. As can be seen there are four periods, referred to as pre-breakthrough (or SER), 

breakthrough, post-breakthrough (or SMR) and regeneration [13]. During the pre-breakthrough 

period, mixture of methane and steam is fed to the reactor where steam methane reforming, water 

gas shift and sorbent carbonation reactions take place simultaneously in the reactor until gas 

compositions approaches SER equilibrium values. When the sorbent starts to get fully carbonated, CO2 

removal efficiency begins to decrease which marks the beginning of breakthrough period. During this 

period H2 content in the product decreases and CH4, CO and CO2 content in the product increases. 

When CO2 removal is no longer effective, the post-breakthrough period begins where only reforming 

and shift reactions take place and the gas composition approaches SMR equilibrium values. After this 

CaCO3 needs to be regenerated to CaO in order to be able to perform other SER experiments. 

Therefore, methane and steam mixture is stopped and only nitrogen is fed into the reactor and the 

regeneration period starts. The reactor is then heated to 900 OC to release CO2 captured and 
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regenerate the sorbent. H2 diluted with N2 is also fed to the bed, to reduce NiO to Ni, and re-activate 

the catalyst. Bed is then cooled down to desired temperature to perform next set of experiment.  

 
Fig. 2. 4 - Typical outlet gas composition from the complete cycle of SER experiment 

The focus during the experimental investigation is to obtain results closer to equilibrium compositions 

for H2, especially in SER region, and for longer durations. The extend of closeness and duration is also 

used to evaluate the SER process performance for H2 production while comparing different operating 

conditions. 

2.2 Pre - Experimental Calibrations 

2.2.1 Flow meter calibration 

Since the feed gas flow rate and composition of gasses is controlled by mass flow controllers, in order 

to have right composition of inlet gasses, flow meter calibration is done. Calibration is done using 

calibration machine for a range of flow rates for different gasses used. Calibration curves are plotted 

for CH4, N2 and CO2, and used during experiments. Detailed curves are included in Appendix A. 

2.2.2 Experimental Error – Carbon balance 

To validate that experimental error is under permissible limits, carbon balance is performed over the 

complete cycle of an experiment. Removal of water by condenser, before gasses reach the analyzer, 

makes performing oxygen and hydrogen balance more complicated and thus it has not been 

performed in this study.  

Figure 2.5 shows total inlet and exit carbon flow rate for the complete cycle of the SER experiment 

performed at 650 OC using S/C ratio 4 and 0.5 lt/min total flow rate with 50% feed dilution with N2. As 

can be observed from the figure, in the pre-breakthrough and breakthrough regions, net carbon exiting 

the reactor is less than carbon entering. This is due to the carbon capture during sorption enhanced 

reforming by conversion of CaO to CaCO3. Once active CaO is fully converted to CaCO3, post 

breakthrough period starts where no carbonation takes place and hence carbon exiting the reactor is 

same as carbon entering the reactor since no carbon capture is happening. In the regeneration region, 
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it can be observed that there is carbon exiting the reactor, generated by the calcination of CaCO3, while 

there is no carbon entering the reactor since only N2 is fed. When CaCO3 is completely regenerated, 

carbon stops coming out of the reactor. Overall carbon balance is then performed by the subtraction 

of the net carbon in and the net carbon out during the complete cycle of the experiment. 

 
Fig. 2. 5 - Carbon flow rate (inlet and outlet) vs time for complete cycle SER experiment 

The experimental error is calculated using Equation 2.1 and a value of 1.85% is found for this particular 

case. This error may exist mainly because of two reasons, i) Carbon deposition inside reactor during 

experiment, and ii) experimental error due to flow fluctuations. To prevent excessive carbon 

deposition inside reactor, carbon cleaning is done every once in a while by reducing reactor 

temperature to 300 OC and passing air through the bed. However since the experimental error (for 

carbon) is below 2%, it can be inferred that experimental results can be trusted.  

𝐸𝑥𝑝𝑒𝑟𝑖𝑚𝑒𝑛𝑡𝑎𝑙 𝐸𝑟𝑟𝑜𝑟 =
(𝑁𝑒𝑡 𝐶𝑎𝑟𝑏𝑜𝑛 𝐼𝑛 − 𝑁𝑒𝑡 𝑐𝑎𝑟𝑏𝑜𝑛 𝑂𝑢𝑡)

𝑁𝑒𝑡 𝐶𝑎𝑟𝑏𝑜𝑛 𝐼𝑛
 𝑋 100               𝐸𝑞. (2.1) 

2.2.3 Experimental results reproducibility 

This activity is done to validate if same experimental results are obtained when the experiment is 

repeated for the same set of conditions. Figure 2.6 shows repeated experiments for the same case. 

The graph shows the exit molar fraction (dry basis) of H2 and CO2 against time. The experiment is 

performed at 650 OC with S/C ratio 4, 50 % dilution with N2 and total gas flowrate of 0.5 lt/min using 

bed containing 27.5 wt% catalyst and 72.5 wt% sorbent. As can be observed from the Figure 2.6, the 

three attempts produce similar results overall. 

In the pre-breakthrough region, there is a close match between the three attempts for the exit fraction 

of H2 (and CO2), which is also close to SER thermodynamic equilibrium value. Similarly in the post-

breakthrough region, there is a close match in the exit fraction of H2 (and CO2), which is again close to 

SMR thermodynamic equilibrium value. However in the breakthrough region there is a mismatch 

between the three curves. This behavior can be explained by the instability of the sorbent since the 

percentage active CaO reduces after every experiment thus leading to lesser carbon capture capacity 

and resulting in early breakthrough.  
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Fig. 2. 6 - Experimental result reproducibility for S/C = 4, 650 OC, 0.5 lt/min 

This study suggests that the same bed cannot be used for a large number of experiments and should 

be changed after certain number of experiments when the capacity reduces significantly leading to 

very early breakthrough (after around 10-15 experiments for this study). 

2.3 Results and Discussion 

2.3.1 Bed composition influence on H2 production by SER 

The performance in the pre-breakthrough period is influenced by the amount of CO2 that can be 

captured by the CaO present in the sorbent thus making the quantity of sorbent in the reactor an 

important factor. However presence of catalyst is imperial for reforming reaction to occur and to 

maintain reactor performance. Nevertheless, it is desirable to use the lowest amount of catalyst to 

minimize the catalyst costs. Therefore it is highly important to choose right ratio of sorbent and catalyst 

to achieve maximum H2 production overall during SER process. In this study three different bed 

compositions are studied and the impact on H2 production is evaluated.  

Before running the experiments it is important to choose right range for steam to methane ratio (S/C 

ratio). As per literature review, with the increase in S/C ratio, methane conversion is expected to 

increase thus increasing H2  yield and H2 purity [6]. However higher steam consumption leads to higher 

energy consumption in the process. Therefore, operating at low S/C ratios can also be convenient, 

even though it produces lower H2 purity. At the same time, it is also important to ensure that catalyst 

activity is maintained high when working with these low S/C ratios. Therefore in the literature, S/C 

ratios have normally been studied above 3. This limit has been recommended to enhance CH4 

conversion, reduce CO produced and prevent carbon formation via the Boudouard reaction [18]. 

Therefore in the present work, SER process is studied for S/C ratios (or steam to methane flow ratio) 

above the limit of 3 (with ratio ranging from 3 to 5). 

Table 2.1 shows the summary of the operating conditions chosen for the SER experiments performed 

to study the effect of steam to methane ratio and bed composition on H2 production. All the 
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experiments are performed with the total flow rate of 0.5 lt/min with 10% CH4 (0.05 lt/min) at 

temperature of 650OC (923 K) and atmospheric pressure (1 bar). Inlet steam is adjusted to achieve 

desired steam to methane ratio and N2 inlet flow is adjusted to cover up the total flow rate. 

Exp. No. S/C Ratio Wt% Catalyst Wt% Sorbent Z ratio* 
Inlet Flow rate (lt/min) Steam Inlet 

(gm/hr) N2  CH4  

1.a 3 35 65 12.97 0.30 0.05 7.227 

1.b 4 35 65 12.97 0.25 0.05 9.635 

1.c 5 35 65 12.97 0.20 0.05 12.043 

2.a 3 27.5 72.5 18.41 0.30 0.05 7.227 

2.b 4 27.5 72.5 18.41 0.25 0.05 9.635 

2.c 5 27.5 72.5 18.41 0.20 0.05 12.043 

3.a 3 20 80 27.91 0.30 0.05 7.227 

3.b 4 20 80 27.91 0.25 0.05 9.635 

3.c 5 20 80 27.91 0.20 0.05 12.043 

Table 2. 1 - Summary of operating conditions for the SER experiment to study impact of bed composition and S/C ratio on H2 
production (*Z ratio = amount of CaO in bed (weight)/amount of Ni in bed (weight)) 

For each case of experiment, outlet molar composition (dry basis) is plotted as a function of time for 

H2, CO, CO2 and CH4 and then analyzed. Thermodynamic equilibrium composition for H2 for SER (pre-

breakthrough) and SMR (post-breakthrough) region is also included in the plot. The plots of all the 

experiments are included in Appendix B.  

Figure 2.7 depicts H2 and CO2 evolution with time for S/C ratio 5 across three different bed composition 

(Exp. No. 1.c, 2.c and 3.c) It can be overserved that for 35% catalyst and 65% sorbent bed composition 

(Z ratio 12.97), the H2 molar fraction is away from the equilibrium composition in SER region. Moreover 

a short SER region and an early breakthrough is observed which suggests insufficient sorbent quantity 

in the bed which is leading to lower CO2 capture capacity. Therefore a significant fraction of CO2 also 

starts exiting the reactor after couple of minutes. Equilibrium compositions for SMR region is achieved 

(and also CH4 conversion is almost complete both in SER and SMR region) suggesting sufficient amount 

of catalyst in the bed. This suggest that the bed composition is deficit of sorbent and there is an 

opportunity to reduce the amount of catalyst used.  

From the experiment with 27.5% catalyst (reduced) and 72.5% sorbent (increased) bed composition (Z 

ratio 18.41), improvement in reactor performance is observed with H2 molar fraction being close to 

the equilibrium composition in SER region. Moreover a longer SER region with delayed breakthrough 

is observed with significant delay in time before considerable amount of CO2 starts exiting the reactor. 

This suggests an increase in CO2 capture capacity resulting from the increased sorbent quantity in the 

bed thus leading to improvement in SER performance for H2 production with changed bed 

composition. Moreover since SMR equilibrium is achieved, reduction in catalyst quantity did not affect 

the performance of reactor.  

Additionally from the experiment with 20% catalyst (further reduced) and 80% sorbent (further 

increased) bed composition (Z ratio 27.91), it is observed that the performance of the reactor declines, 

compared to the previous cases, since the equilibrium composition for even SMR region is not 

achieved. This is because CH4 does not achieve complete conversion and some methane slip occurs 

indicating insufficient catalyst quantity in the bed. 
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Fig. 2. 7 - Bed composition influence on H2 production by SER (S/C ratio 5; Exp No. 1.c, 2.c & 3.c as listed in Table 2.1) 

 
Fig. 2. 8 - Overall summary of S/C ratio and bed composition influence on H2 production from SER for conditions listed in 

Table 2.1 

Similar comparative observation can be made for the experiments conducted for S/C ratio 3 and S/C 

ratio 4 from Figure 2.8 which shows the overall summary of all the experiments listed in Table 2.1. The 

plot includes average H2 molar fraction in SER and SMR region for all the three bed composition across 

different S/C ratio. Average H2 molar fraction for SER region is calculated by taking arithmetic mean of 

exit H2 molar fraction for 30 minutes excluding initial 2 minutes of the experimental result. Similarly 

average H2 molar fraction for SMR region is calculated by taking arithmetic mean of exit H2 molar 

fraction for last 30 mins of the experimental result. It can be seen the performance of the reactor for 

H2 production by sorption enhanced reforming is most favored with the 27.5% catalyst and 72.5% 

sorbent bed composition (Z ratio 18.41) across all the three S/C ratio.  

Summing together the results obtained in this section, bed composition with containing 27.5% catalyst 

and 72.5% sorbent (Z ratio 18.41) is considered appropriate and used for further experimental studies 

as discussed in upcoming sections.    
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2.3.2 Temperature influence on H2 production by SER 

Temperature change has different effect on the different reactions involved during sorption enhanced 

reforming due to different nature of the reactions. For instance, steam reforming reaction, being 

endothermic, is favored at high temperature and thus higher temperature leads to increase in overall 

conversion of methane. However shift and carbonation reactions, being exothermic, are favored at 

low temperature and by increasing the temperature, the rate at which these reaction proceeds 

decreases. Additionally at temperature lower than 550 OC activity of the catalyst starts decreasing 

significantly  and a side reaction is favored which can cause Ca(OH)2 formation when a part of the CaO 

of the sorbent reacts with H2O (Equation 2.2) which can lead to reduction in sorbent capacity and 

mechanical instability [6]. 

𝐻2𝑂 + 𝐶𝑎𝑂 ↔ 𝐶𝑎(𝑂𝐻)2          ∆𝑟𝐻298 𝐾 = −109 𝐾𝐽/𝑚𝑜𝑙                              𝐸𝑞. (2.2) 

Figure 2.9 shows the effect of temperature on H2 equilibrium compositions (molar fraction, dry bases) 

and methane conversion for both SER (pre-breakthrough) & SMR (post-breakthrough) region. The 

compositions and conversion are calculated without taking into account the possibility of Ca(OH)2 

formation and neglecting resistance for catalyst activation. 

 
Fig. 2. 9 - Influence of Temperature on H2 equilibrium composition and CH4 conversion 

Figure 2.9 indicates low methane conversion and low H2 equilibrium composition for SMR at lower 

temperatures, which increases with increasing temperature. However it is interesting to see that even 

at low temperatures, methane conversion and H2 equilibrium compositions are significantly higher for 

SER. Therefore thermodynamic analysis suggests a good SER process performance should be achieved 

at low operating temperatures (less than 650 OC). But since there are kinetics limitations in reality, in 

addition to other limitations mentioned before, experiments are performed in this study to examine 

complete effect of operating temperature. 

Table 2.2 shows the summary of the operating conditions chosen for the SER experiments performed. 

All the experiments are performed with the total flow rate of 0.5 lt/min with 10% CH4 (0.05 lt/min) at 

1 bar with 27.5% catalyst and 72.5% sorbent bed composition. S/C ratio is set to 4 with 50% feed 

dilution with N2. Oven temperature is adjusted to achieve desired operating temperature. Figure 2.10 

(a) compares the experimental H2 and CO2 concentrations evolution and Figure 2.10 (b) compares exit 

CH4 and CO concentrations at 550, 600, 650 and 700 OC during the pre-breakthrough (SER) and post-

breakthrough (SMR) periods.  
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Exp. No. S/C Ratio Temperature (OC) 
Inlet Flow rate (lt/min) Steam Inlet 

(gm/hr) N2  CH4  
1 4 550 0.25 0.05 9.635 
2 4 600 0.25 0.05 9.635 
3 4 650 0.25 0.05 9.635 
4 4 700 0.25 0.05 9.635 

Table 2. 2 - Summary of operating conditions for the SER experiment to study impact of temperature on H2 production 

 
Fig. 2. 10 - (a) H2 and CO2 evolution with time for different temperatures (Top); (b) CH4 and CO exit fraction with different 

temperature (bottom) for conditions listed in Table 2.2 

During the pre-breakthrough period, the exit H2 molar fraction (dry basis) is highest at 600 OC followed 
by at 650 OC and then at 550 OC. Moreover we observe that the exit fraction of CO, CH4 and CO2 is low 
at these temperatures especially for 550 OC and 600 OC. This means carbon capture efficiency is high 
for these temperatures (around 80% for 550 OC and 600 OC and 62% for 650 OC). For 700 OC we observe 
low H2 molar fraction in SER region and low carbon capture efficiency (around 16%). This is because at 
very high temperature carbonation reaction is slower than reforming reaction, making carbonation 
reaction rate limiting thus leading to low H2 molar fraction and significant CO2 exit fraction. Moreover 
WGS reaction is also slow at higher temperature which can be observed from significant exit CO 
fraction at 700 OC.  
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During breakthrough period, a clearer slope for the breakthrough step is observed at 550 and 600 OC 

than in the experiment carried out at 650 and 700 OC. The breakthrough step at 700 OC shows longest 

duration when compared to lower temperatures. This can be explained by the increase in CO2 

equilibrium partial pressures with increase in temperature thus leading to lower driving force at higher 

temperatures which make carbonation reaction slower. Therefore the experiment at 700 OC has a 

longer breakthrough period with a smoother slope and the experiment at 550 OC has a shorter 

breakthrough period with a steeper slope due to faster carbonation. Moreover shorter breakthrough 

at 550 OC is also due to the fact that WGS is also favored at lower temperature which increases the 

rate of CO2 production and thus increasing rate of sorbent saturation.   

In SMR region we observe improvement with increasing temperature however the incremental 

improvement reduces with increasing temperature. This can be explained by improvement in the 

catalyst performance and reforming reaction with increasing temperature which leads to significant 

increase in methane conversion until 600 OC, and make the methane conversion reach about 90%. 

However there is slight increase in methane conversion after 600 OC leading to reduced effects. 

Therefore kinetically, right balance between rate of reforming reaction, water gas shift and 

carbonation reaction exist when experiment is performed at 600 or 650OC thus leading to optimum H2 

molar fraction and good reactor performance in SER region. Summing together thermodynamics and 

kinetic effects from the equilibrium trends and experimental results obtained, 600 OC - 650 OC is 

considered an appropriate temperature range for SER operation under atmospheric pressure using 

27.5% catalyst and 72.5% sorbent bed composition (Z ratio 18.41). 

2.3.3 Methane residence time influence on H2 production by SER 

Methane residence time determines the quantity of H2 that can be produced in a fixed time. Higher 

feed flow rate leads to higher methane flow rate which mean lower methane residence time in the 

reactor. Lower methane residence time leads to higher rate of H2 production, however it is essential 

to ensure that it does not affect the reactor performance. Having too low residence time might lead 

to insufficient time for the reaction to perform leading to significant methane slip. Thus it is essential 

to determining the lowest possible residence time of methane without significantly compromising on 

rector performance. Therefore experiment are performed in this study to analyze the influence of 

methane residence time on H2 production by SER.  

Table 2.3 shows the summary of the operating conditions chosen for the SER experiments performed. 

All the experiments are performed at 650 OC and atmospheric pressure with different bed 

compositions. S/C ratio is set to 4 with 50% dilution in feed with N2. Total flow rate is adjusted to vary 

methane residence time.  

Exp. No. Wt% Catalyst Wt% Sorbent 
CH4 Residence 

Time (10-1 Sec) 

Inlet Flow rate (lt/min) Steam Inlet 

(gm/hr) N2  CH4  

1.a 35 65 12.06 0.25 0.05 9.635 

1.b 35 65 8.04 0.375 0.075 14.453 

1.c 35 65 6.03 0.5 0.1 19.270 

1.d 35 65 4.82 0.625 0.125 24.088 

1.e 35 65 4.02 0.75 0.15 28.905 

1.f 35 65 3.45 0.875 0.175 33.723 

1.g 35 65 3.01 1 0.2 38.540 

2.a 27.5 72.5 12.06 0.25 0.05 9.635 
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2.b 27.5 72.5 8.04 0.375 0.075 14.453 

2.c 27.5 72.5 6.03 0.5 0.1 19.270 

2.d 27.5 72.5 4.82 0.625 0.125 24.088 

2.e 27.5 72.5 4.02 0.75 0.15 28.905 

2.f 27.5 72.5 3.45 0.875 0.175 33.723 

2.g 27.5 72.5 3.01 1 0.2 38.540 

3.a 20 80 12.06 0.25 0.05 9.635 

3.b 20 80 8.04 0.375 0.075 14.453 

3.c 20 80 6.03 0.5 0.1 19.270 

3.d 20 80 4.82 0.625 0.125 24.088 
Table 2. 3 - Summary of operating conditions for the SER experiment to study impact of CH4 residence time on H2 production 

Figure 2.11 shows the result obtained for experiment number 2.a, 2.b and 2.c performed with bed 

containing 27.5% catalyst and 72.5% sorbent. It can be observed from the plot that the feed mixture 

is able to fulfill equilibrium composition for the residence time of 1.2 second, while as the residence 

time is reduced, H2 compositions are below the equilibrium values in both SER and SMR region. Since 

the mixture is below equilibrium composition, even when the sorbent is saturated, this indicates that 

the experimental condition tested is below to the operational limit for the catalyst. Additionally an 

early breakthrough is also observed with reducing residence time which can be explained by the fact 

that at higher flow rate, CO2 is produced more rapidly leading to quicker saturation of the sorbent. This 

comparison indicates that the methane residence time of 1.2 seconds is required for reactor 

performance with bed containing 27.5% catalyst and 72.5% sorbent.  

 

Fig. 2. 11 - CH4 residence time influence on H2 production from SER (27.5%Catalyst - 72.5% Sorbent; Exp No. 2.a, 2.b & 2.c as 
listed in Table 2.3) 

To compare result across all the bed composition, maximum H2 molar fraction (dry basis) for SER and 

SMR region is plotted against residence time (Figure 2.12 (a) & (b)) for each of the experiment 

performed. From the plots it can be observed that H2 compositions are close to equilibrium values for 

both SER and SMR region across different bed composition for residence time above 0.8 second. 

However when the residence time is reduced, significant deviations can be seen from the equilibrium 

values for both SER and SMR region. This indicates that those experimental conditions are below to 
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the operational limit for the catalyst leading to insufficient time for reactions to reach steady state 

with the used reactor configuration. This suggests methane residence time should be maintained 

above 0.8 seconds for optimum reactor performance. 

Additionally it can be observed that reactor performance also declines with reducing catalyst fraction 

in the bed which suggests having more catalyst fraction in the bed allows more flexibility in operation 

at higher feed flow rates. However, as seen before, an optimum sorbent quantity is essential for 

reactor performance in SER region. Moreover it can be observed that the reactor performance is quite 

comparable, upto methane residence time of 0.6 seconds, between bed containing 35% catalyst and 

27.5% catalyst. Although significant differences can be observed with lower residence time. Analyzing 

overall result, experiments still suggests using bed containing 27.5% catalyst and 72.5% sorbent for 

optimum reactor performance. 

Summing together the results obtained in this section, residence time of 1.2 second (or total feed flow 

rate of 0.5 lt/min) is considered as most appropriate and used for further experimental studies. 

 

 

Fig. 2. 12 - Methane residence time and Bed composition influence on H2 production by SER. (a) Performance in SER region 
(Top), (b) Performance in SMR region (Bottom) for conditions listed in Table 2.3 
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2.3.4 Feed dilution influence on H2 production by SER 

Feed dilution influences the purity of H2 produced. Having a lower feed dilution leads to increase in 
purity for production of H2, and therefore lower dilution is favored. However it is essential to ensure 
that it does not affect the reactor performance. In this study, having too lower dilution leads to two 
additional problems (specific to reactor setup used): 

1. Performance of Analyzer: It is essential to ensure that exit molar fractions of gasses are within 
the operational ranges of the analyzer. 

2. Generation of steam: It is essential to ensure certain amount of N2 in the feed to enable 
generation of steam. 

To maintain exit molar fractions of gasses within the operational ranges of the analyzer, product gas 
dilution with N2 is done after the experiment, before the gasses reaches analyzer. However no 
alternate is found to solve problem of generation of steam. Therefore feed dilution is only reduced to 
40% for the case with S/C ratio 4 at 650 OC and 1 bar using bed containing 27.5% catalyst and 72.5% 
sorbent. Methane flow rate (0.05 lt/min) and steam flow rate (9.35 g/hr) are fixed and feed N2 flow 
rate is reduced (from 0.25 lt/min to 0.166 lt/min) to achieve reduced dilution. External N2 flow rate, 
for post experiment dilution, is fixed to 0.2 lt/min.  

 
Fig. 2. 13 – Feed dilution influence on H2 production by SER. (a) 40% Dilution (Top), (b) 50% Dilution (Bottom) 
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Figure 2.13 (a) and (b), shows the results obtained from the experiments to study influence of feed 

dilution with N2 on H2 production with SER. Post experiment calculations are done to exclude the effect 

of external N2 dilution. From the plots it can be observed that H2 molar fraction (dry basis) is close to 

equilibrium compositions for both SER and SMR region in both the cases studied thus proving reactor 

performance is still maintained with reduced feed dilution. Moreover we observe an overall increase 

in molar fractions of H2 thus suggesting increase in product purity with reduced feed dilution. 

Additionally we observe a sharper breakthrough step with reduced dilution suggesting improvement 

in kinetic performance of carbonation with reduced dilution.   

However since experiments with further dilutions are needed, no overall conclusion can be made with 

these experiments at this stage of study. Although the experiment suggest potential for future study 

with the different setup which allows further feed dilution. 
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Chapter 3 

 

3. Modeling section 
 

 

 

3.1 Pseudo-homogeneous model 

3.1.1 Model description  

A one dimension pseudo-homogeneous model (PHM), developed in previous work [1], has been used 

to describe the behavior of packed backed reactor used to run the experiments. Unsteady state 

processes are simulated by the model by considering axial mass and heat dispersion and reaction 

kinetics, considering both gaseous and solid components. Radial heat and mass dispersion are not 

considered in the model. Moreover, mass and heat transfer resistances between the gas and solid 

phases have been neglected in the model which leads to a homogeneous behavior of temperature and 

components. 

Component mass balance for the gas phase, where components are moving through the bed and are 

dispersed axially, is described by Equation 3.1 in the model. Component mass balance for the solid 

phase, where solid components are fixed in the bed, is described by Equation 3.2. Axial mass dispersion 

is described by Equation 3.3 taken from Edwards and Richardson [19]. 
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Homogenous temperature in the reactor, for both gas and solid phase, is described by energy balance, 

Equation 3.4. Convection and axial dispersion leads to heat transfer through the bed. Since the reactor 

is placed within an oven, heat transfer is incorporated by assuming that the oven has a constant 

temperature and the amount of heat that is transferred between oven and reactor can be calculated 

by using a constant overall heat transfer coefficient, α (W/K-m2). This coefficient has been estimated 

from the temperature profile achieved in the experiments and the value used is listed in Table 3.1. 
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The axial heat dispersion, caused by the conductivity of the bed and the turbulence of the gas, is 

described by effective bed conductivity, λeff, and is determined by Equation 3.5 taken from Vortmeyer 

et al [20]. To determine the convective heat transfer, the dimensionless Nusselt number is described 

by Equation 3.6 taken from Gunn’s correlation [21] and Péclet number is described by Equation 3.7 

taken from Gunn and Misbah [22].   
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3.1.2 Kinetics 

Gas Phase Reactions 

Steam methane reforming (SMR) and water gas shift (WGS) reactions are heterogeneously catalyzed 

over nickel catalyst and the kinetics from Numaguchi and Kikuchi [23] are used to describe them in the 

model, Equation 3.8 and Equation 3.9. The parameters used in the kinetics are taken from a previous 

study [24] and are listed in Table 3.1. 
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Calcium kinetics 

Shrinking core model (SCM) has been used to describe the carbonation of calcium oxide and 

subsequent calcination of calcium carbonate. Kinetics are taken from Martinez et al. [25] and Lee [26] 

and are describe by Equation 3.10. Parameters used in the kinetics is listed in Table 3.1. 
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The equilibrium pressure of carbon dioxide (𝑃𝐶𝑂2

𝑒𝑞
) is determined by a correlation from Baker et al. [27] 

as given in Equation 3.11. The equilibrium pressure depends only on temperature and matches the 

equilibrium pressure as calculated by thermodynamic data. 

𝐿𝑜𝑔(𝑃𝐶𝑂2

𝑒𝑞
) = 7.079 −

38000

4.574𝑇
                                                    𝐸𝑞. (3.11) 

 

Energy Balance 

𝛼 [
𝑾

𝑲. 𝒎𝟐
] 150  

Reforming reactions [24] 

 Steam Methane Reforming Water Gas Shift 

A   [
𝒌𝒎𝒐𝒍

𝒃𝒂𝒓∙𝒎𝒄𝒂𝒕
𝟑 ∙𝒉

] 3.65 · 102 8.57 

Eact [
𝑱

𝒎𝒐𝒍
] 42.8 · 103 21.8 · 103 

Calcium reactions [25,26] 

 Carbonation Calcination 

A   [
𝒎𝟑

𝒎𝒐𝒍.𝒔
] 1.73 · 102 2.52 · 102 

Eact [
𝑱

𝒎𝒐𝒍
] 72.3 · 103 91.7 · 103 

Table 3. 1 - Kinetic data of the reactions and other data present in the process and used in the model 

3.2 Pre - simulation operations 

3.2.1 Percentage active CaO calculation 

Active CaO determines the duration of pre-breakthrough region and, therefore, is an important 

parameter while defining bed composition during simulations. From cyclic carbonation and calcination 

of the sorbent, it is observed that the CO2 capture capacity of sorbent is not fixed and reduces with 

every experiment (this is later discussed in detail next section). It suggests calculation of active CaO is 

needed for each experiment in order to run right simulation and reproduce the case using the model. 

This actually makes model validation comparatively difficult.  

The amount of active CaO (%wt) is calculated for each experiment using Equation 3.11. It is assumed 

that all the carbon captured during SER is primarily due to the reaction of CO2 with CaO and therefore 

moles of active CaO is same as moles of carbon captured.  

%𝑤𝑡 𝐴𝑐𝑡𝑖𝑣𝑒 𝐶𝑎𝑂 =
𝑀𝐶𝑎𝑂(𝑚𝑜𝑙𝑒𝑠 𝑜𝑓 𝑐𝑎𝑟𝑏𝑜𝑛 𝑖𝑛 − 𝑚𝑜𝑙𝑒𝑠 𝑜𝑓 𝑐𝑎𝑟𝑏𝑜𝑛 𝑜𝑢𝑡)𝑆𝐸𝑅

%𝐶𝑎𝑂 ∗ 𝑊𝑏𝑒𝑑
      𝐸𝑞. (3.11) 
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3.2.2 Carbonation rate validation 

Before running simulations to reproduce experimental results of sorption enhanced reforming, an 

individual carbonation study is performed to analyze the carbonation kinetics performance using 

kinetic parameters from Martinez et al. [25] and Lee [26].  

To facilitate this, carbonation and calcination cycles are performed with bed containing only pretreated 

sorbent. During carbonation, CO2 diluted with N2 (22.2vol% CO2) is fed to reactor at 650 OC and 1 atm. 

CO2 carbonates CaO and once CaO is fully saturated, exit molar fraction of CO2 matches inlet value. 

CO2 in the feed is then stopped. During calcination, only N2 is fed and reactor is heated to 900 OC. CaCO3 

gets regenerated to CaO, thus releasing CO2. Once CaCO3 is fully regenerated, CO2 stops coming out. 

Bed is then cooled to 650 OC to perform next cycle.  

 
Fig. 3. 1 - Carbonation and calcination cycle of the sorbent 

Figure 3.1 graphically illustrates the cycle of carbonation and calcination performed. It can be observed 

that the peak of calcination is going down with every cycle thus suggesting reduction in CO2 capture 

capacity of sorbent with every experiment. This revalidates the need to calculate %active CaO, with 

every experiment, to simulate right results using model. Therefore %active CaO is calculated for each 

carbonation cycle as well, as also listed in Table 3.2, and is used while running simulation. Simulations 

are performed to analyze model performance and values of carbonation rate constant (k) is adjusted 

to fit the experimental result. 

Cycle 
Moles of CO2 captured 

(moles X 10-3) 
Mass of Active CaO 

(gm) 
Total Bed Weight 

(gm) 
% Active CaO 

1 31.6 1.772 9 21.9 

2 28.3 1.587 9 19.6 

3 26.5 1.486 9 18.3 
Table 3. 2 - Calculation of %Active CaO for carbonation study 

Figure 3.2 summarizes the results obtained from the simulations and compares with experimental 

results of carbonation phase of cycle 1 and cycle 2. It can be observed from the plot of cycle 1 that 

kinetic parameters from Martinez et al. [25] and Lee [26] (calculated using original A and Eact at 650 OC) 

produces a steeper breakthrough slope when compared to experimental result. Additionally reducing 

the value of rate constant (k) reduces the steepness of the breakthrough slope and the best fit for cycle 

1 is obtained using a reduced k = 0.005.  
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Fig. 3. 2 - Comparison between experimental and simulation results to validate carbonation for cycle 1 & 2 (Table 3.2) 

Similarly a good match between experimental and simulated results is also observed for cycle 2 using 
a reduced k = 0.005. This suggests kinetic parameters from Martinez et al. [25] and Lee [26] over 
predicts the carbonation rate and thus the adjusted value of reaction rate constant must be used 
during model validation.   

3.2.3 Dispersion effect 

Gasses might experience some dispersion effect when it flows through the pipeline connections 
(comprising also condenser) from the exit of the reactor to the analyzer. Therefore a pre-simulation 
study is done to analyze the impact of dispersion effect. To facilitate this, methane diluted with 
nitrogen (14vol% CH4) is fed to the reactor and response time of analyzer is examined. Figure 3.2 shows 
the result obtained from the examination. 

 
Fig. 3. 3 - Dispersion effect study to investigate the response time of analyzer 

From the plot it can be observed that it takes couple of minutes before methane reaches the molar 
fraction same as inlet. This suggests that gasses does experience some dispersion effect. However it 
can be observed that dispersion duration is very small (~3 minutes) with characteristic time of 1.25 
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minutes. Therefore dispersion is accounted during the startup phase while running simulation and 

dispersion effect during breakthrough is neglected. This is done by multiplying the values obtained 

from the simulation by correction factor calculated using Equation 3.12. 

𝐶𝑜𝑟𝑟𝑒𝑐𝑡𝑖𝑜𝑛 𝑓𝑎𝑐𝑡𝑜𝑟 = 𝑒−
𝑡
𝜏                                                               𝐸𝑞. (3.12) 

𝑤𝑖𝑡ℎ 𝜏 = 1.25 𝑚𝑖𝑛𝑢𝑡𝑒𝑠  

3.3 Results and discussion 

3.3.1 Model validation with base case 

Parameters corresponding to the best case from the experiments, as listed in Table 3.3, is chosen as 

base case for model validation. 

Parameter Value used Units 

S/C ratio 4 - 

Temperature 650 OC 

Pressure 1 Bar 

CH4 residence  1.2 Seconds 

Feed dilution (N2) 50 % of feed 

Catalyst 27.5 % of bed 

Sorbent 72.5 % of bed 

%active CaO 24.5 % 

k 0.005 m3/mol-s 
Table 3. 3 - Parameters for model validation (Base Case) 

 
Fig. 3. 4 - Model validation with base case as listed in Table 3.3 

Figure 3.4 shows the result obtained from the model compared with experimental result for the same 

set of conditions. As can be observed from the graph, there is a good match between simulated and 

experimental results for pre-breakthrough, breakthrough and post breakthrough regions. This 

suggests that the model developed in the previous work is predicting good results with modified 

carbonation rate constant and can be used for further investigation at different conditions. 
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3.3.2 Model performance with different S/C ratio 

To analyze the performance of the model at different S/C ratio, simulations are performed for the 
conditions mentioned in Table 3.4. 

Parameter Value used Units 
S/C ratio 3  – 5 - 

Temperature 650 OC 
Pressure 1 Bar 

CH4 residence  1.2 Seconds 
Total flow rate 0.5 lt/min 

Catalyst 27.5 % of bed 
Sorbent 72.5 % of bed 

%active CaO 26  - 23  % 
k 0.005 m3/mol-s 

Table 3. 4 - Parameters for simulation to check model performance with different S/C ratio 

Figure 3.5 shows the result obtained from the simulations performed, compared against corresponding 
experimental data. For S/C ratio 3, a good match between simulated and experimental results can be 
observed in the SER region however a mismatch can be observed in SMR region. This can be explained 
with the experimental error in the flow rates, especially of steam, when experiments are performed 
at very low flow rate leading to some mismatch since SMR equilibrium is also not achieved with 
experiment. For S/C ratio 5, a mismatch can be observed in the SER region with model over predicting 
carbonation leading to higher H2 molar fraction in SER region with comparatively earlier breakthrough. 
This suggests model over predicts carbonation rate at higher conversions. This can be further explained 
by the fact that at higher conversion, carbonation is not purely kinetically controlled since there is a 
product layer formation over sorbent increasing the importance of diffusion effects through this 
product layer. Since shrinking core model does not account for the diffusion through the product layer, 
and is purely kinetically controlled, it might lead to over prediction of carbonation rate at higher 
conversions. Suggestions to improve this will be discussed in recommendations. 

 
Fig. 3. 5 - Model performance at different S/C ratio for conditions listed in Table 3.4 
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3.3.3 Model performance at different operating temperature 

To analyze the performance of the model at different operating temperature, simulations are 
performed for the conditions mentioned in Table 3.5. 

Parameter Value used Units 
S/C ratio 4 - 

Temperature 550-600-650-700 OC 
Pressure 1 Bar 

CH4 residence  1.2 Seconds 
Total flow rate 0.5 lt/min 

Feed dilution (N2) 50 % of feed 
Catalyst 27.5 % of bed 
Sorbent 72.5 % of bed 

%active CaO 20 - 30  - 34 - 30  % 
k 0.005 m3/mol-s 

Table 3. 5 - Parameters for simulation to check model performance with different temperature 

 
Fig. 3. 6 - Model performance at different temperature for conditions listed in Table 3.5 

Figure 3.6 shows the result obtained from the simulations performed at different temperatures, 
compared against corresponding experimental results. For higher operating temperatures, 650 and 
700 OC, a good match can be observed between simulated and experimental results for both SER and 
SMR region. Though there is a slight under prediction by model for 700 OC in SER region but this can 
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be explained by the fact that same value of carbonation rate constant (k) is used for the simulations, 

when ideally k increases with temperature. Therefore this suggests model is predicting good results at 

higher temperatures. 

However for lower temperatures, at 550 and 600 OC, mismatch can be observed between simulated 

and experimental results especially in SER and breakthrough region, with more observable mismatch 

at 550 OC. This behavior cannot be explained by the use of the same value of the carbonation rate 

constant (k) for different temperature since, following the Arrhenius law, k should be lower at lower 

temperatures, but in this case the use of lower k values further increases the mismatch by further 

lowering the H2 molar fraction in SER region. Additionally interesting observation can be made with 

CH4, CO and CO2 molar fraction in SER region at 550 OC. Experimentally almost complete conversion of 

CH4 is observed and the molar fraction of CO and CO2 are also low. However simulated results shows 

some unconverted CH4 in SER region and additionally with some fraction of CO and CO2 in SER region. 

The breakthrough slope by model is less steep than experimental slope for both the temperatures. 

Therefore this suggest that SMR or WGS kinetics with modified parameters from previous study [24] 

is underestimating at lower temperature and thus the model is under-predicting results at lower 

temperatures. This can be due to the fact that the previous study was primarily done at higher 

temperatures (800/900 OC). Therefore an additional study in future to optimize kinetic parameters 

used for SMR and WGS at lower temperature is needed. This will be discussed further in 

recommendation. 

3.3.4 Model performance with different methane residence time 

To analyze the performance of the model at different methane residence time, simulations are 

performed for the conditions mentioned in Table 3.6. 

Parameter Value used Units 

S/C ratio 4 - 

Temperature 650 OC 

Pressure 1 Bar 

CH4 residence  1.2 – 0.8 – 0.6  Seconds 

Total flow rate 0.5 – 0.75 – 1.0  lt/min 

Feed dilution (N2) 50 % of feed 

Catalyst 27.5 % of bed 

Sorbent 72.5 % of bed 

%active CaO 24.5* % * %active CaO 
not calculated by 
carbon balance  k 0.005 m3/mol-s 

Table 3. 6 - Parameters for simulation to check model performance with different methane residence time 

Figure 3.7 shows the result obtained from the simulations performed with different methane residence 

time, compared with corresponding experimental data. In SER region, it can be observed from 

simulated results that feed mixture is able to fulfill equilibrium composition for the residence time of 

1.2 second, while as the residence time is reduced, H2 compositions are below the equilibrium values. 

This behavior is similar to experimental observation.  

However in SMR region, it can be observed from simulated results that the feed mixture is able to fulfill 

equilibrium composition for all residence time. This  behavior contradicts experimental observation 

thus suggesting that SMR or WGS kinetics with modified parameters from a previous study [24] is 

overestimating at lower methane residence time and thus the model is over-predicting results at 
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higher flow rates. Therefore this also shows potential to optimize kinetic parameters used for SMR and 
WGS at higher flow rates. This will also be discussed further in recommendation. 

 
Fig. 3. 7 - Model performance with different methane residence time for conditions listed in Table 3.6 

3.3.5 Pressure influence on H2 production by SER 

Even though the overall sorption enhanced reforming reaction is favored at low pressure, because of 
the rise in total number of gas molecules in forwards direction, it is interesting to study the effect of 
pressure on the performance of sorption enhanced reforming since the H2 produced by the process at 
high pressure can be used to feed a gas turbine for power generation. Moreover the high energy costs 
of H2 compression makes it highly inefficient to generate H2 at atmospheric pressure [28].  

 
Fig. 3. 8 - Influence of operating pressure on H2 equilibrium composition and CH4 conversion 

Pressure change has different effect on the different reactions involved during sorption enhanced 
reforming due to different nature of reactions involved. Figure 3.8 shows the effect of pressure on H2 
equilibrium compositions (molar fraction, dry bases) and methane conversion for SER (pre-
breakthrough) & SMR (post-breakthrough) region. As can be seen, reforming reaction is favored at low 
pressure and higher pressure leads to significant decrease in conversion of methane and equilibrium 
composition. However the carbonation reaction is favored at higher pressure, due to increase in the 
partial pressure of CO2 leading to increase in driving force for carbonation. Therefore it is interesting 
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to see that with SER the decrease in conversion of methane and equilibrium composition with pressure 
increase is not as significant as in the case of pure SMR reaction. This suggests SER enables to execute 
process even at higher pressure without any significant loss of performance. 

To validate this and investigate the dynamic behavior of SER operation, simulation are performed at 
different operating conditions, as listed in Table 3.7. Since increasing the pressure also increases the 
density of gas, thereby increasing mass flux, it is important to reduce the velocity at inlet (or total flow 
rate) to maintain constant mass flux and investigate the true effect of pressure. It is assumed kinetics 
expressions are still valid at higher pressures. 

Parameter Value used Units 
S/C ratio 4 - 

Temperature 650 OC 
Pressure 1 – 5 – 10 – 25 Bar 

Total flow rate 0.5 – 0.1 – 0.05 – 0.02 lt/min 
Feed dilution (N2) 50 % of feed 

Catalyst 27.5 % of bed 
Sorbent 72.5 % of bed 

%active CaO 24.5 % 
k 0.005 m3/mol-s 

Table 3. 7 - Parameters for simulation to check SER performance with different operating pressure 

 
Fig. 3. 9 - Influence of operating pressure on H2 production by SER process for conditions listed in Table 3.7; (a) Product gas 
composition (H2 and CO2) with time (Top left), (b) CH4 slip with operating pressure (Top right), (c) H2/C and carbon capture 

efficiency with operating pressure (bottom) 
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Figure 3.9 shows the result obtained from the simulations performed for conditions listed in Table 3.7. 

From 3.9 (a), it can be observed that during the pre-breakthrough period hydrogen purity increases 

initially, then start decreasing with increasing pressure. However the decrement with increasing 

pressure is not substantial suggesting that SER process is still high performing in pre-breakthrough 

period at higher pressure. Additionally it can be observed that the breakthrough step significantly 

increases with increasing pressure indicating that the advantage of SER over SMR becomes more 

dominant at higher pressure. The post breakthrough region, corresponding to conventional SMR, is 

significant affected by the increasing the pressure when compared to SER operation.  

Further it can be observed from Figure 3.9 (b) that increasing pressure leads to increasing methane 

slip due to unconverted methane. However the rate of increase in pre-breakthrough methane slip is 

significantly less that the rate of increase in post-breakthrough methane slip. To evaluate the net 

result, hydrogen produced per total carbon loss (sum of CO, CO2 and CH4) and carbon capture efficiency 

is plotted for different operating pressure, as depicted by Figure 3.9 (c). It is found that the process 

performance is best at 5 bar in the pre-breakthrough region (with H2/C around 37.5 and carbon capture 

efficiency of around 90%) but if H2 production is required at higher pressure, sorption enhanced 

reforming provide significant edge over conventional steam methane reforming.  
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Chapter 4 

 

4. Conclusions 
 

 

 

4.1 Experimental conclusions 

The experimental results obtained in this work have demonstrated the effect on hydrogen production 

by sorption enhanced reforming, using a CaO-based synthetic sorbent supported on mayenite 

(Ca12Al14O33)  and a Ni-based reforming catalyst supported on CaAl2O4, at different bed compositions, 

operating temperatures, methane residence time and percentage feed dilution with nitrogen. 

Bed containing CaO to Ni weight ratio of 18.41 (27.5% catalyst and 72.5% sorbent bed composition) is 

found most appropriate for H2 production under the operating conditions tested. Using this bed 

composition, not only the equilibrium composition for SER and SMR regions are achieved but also a 

longer SER region with delayed breakthrough is observed. 

Regarding the temperature influence on SER process, temperature range from 600 to 650 OC is found 

most appropriate to operate SER operations. At higher temperature, carbonation and water gas shift 

reactions are slow leading to a significant CO exit fraction and a longer breakthrough period until the 

sorbent is completely saturated. 

Methane residence time of 1.2 second is found most appropriate to operate SER operations across 

different bed compositions. At lower residence time, equilibrium compositions in SER and SMR regions 

are not achieved indicating that the experimental condition tested is below to the operational limit for 

the catalyst.  

Regarding to feed dilution with nitrogen, it is found that reactor performance is still maintained with 

reduced feed dilution and a sharper breakthrough step with increased product purity is observed. 

However no overall conclusion is achieved. 

4.2 Simulation conclusions 

The validation of the model, developed in a previous work [1], is carried out using the experimental 

results obtained in this study for different S/C ratio, operating temperature and methane residence 

time. Moreover performance of SER process is demonstrated at different operating pressure using the 

validated model. 

Carbonation study showed that the kinetic parameters from Martinez et al. [25] and Lee. [26] over 
predicts the carbonation rate and a reduced value of carbonation rate constant (k = 0.005) produces 
better match with experimental results. Moreover unstable CO2 capture capacity of sorbent (or 
%active CaO) creates a need to calculate %active CaO for each experiment. This makes model 
validation more difficult.  
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A good match between experimental and simulated result for SER process is found using the base case 
(S/C ratio 4, 650 OC, 1 Bar, 1.2 sec CH4 residence time, 50% feed dilution and 27.5% catalyst with 72.5% 
sorbent bed composition). However at higher S/C ratio, it is found that model still over predicts 
carbonation rate which could be because at higher conversions shrinking core model is purely 
kinetically controlled and does not account for diffusion effects through product layer during 
carbonation. 

Regarding model performance at different operating temperature, it is found that model predicts 

better results at higher temperature (650 and 700 OC) but at low temperatures (550 and 600 OC), a 

mismatch is found between experimental and simulated results. This study suggests that SMR and 

WGS kinetic parameters from previous study [24] is under-predicting results at lower temperature. 

Moreover, with the study on model performance with different methane residence time, it is also 

found that SMR and WGS kinetic parameters is over-predicting results at lower methane residence 

time. Therefore there is a potential to optimize kinetic parameters used for SMR and WGS reactions in 

future. 

Regarding to pressure influence on SER process, it is found that for H2 production at higher pressure, 

sorption enhanced reforming provide significant edge over conventional steam methane reforming. 

Overall process performance, when evaluated in terms of hydrogen produced per total carbon loss 

and carbon capture efficiency, is found to be best at 5 Bar. 
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Chapter 5 

 

5. Recommendations and Future work 
 

 

 

This chapter lists down some of the future possibilities for this study. Preliminary investigation is also 

performed in this study for some of the recommendations. Therefore results from the preliminary 

investigations are also included in this chapter along with recommendations. The intent of the included 

results is not to draw any conclusions but to provide a starting point. 

5.1 Experimental recommendations 

5.1.1 Experiments with different sorbent  

The sorbent used in the current study showed unstable CO2 capture capacity but there are other 

synthetic sorbents which has shown improved characteristics of long-term sorbent capacity and 

durability. A new cost effective and high performance bi-functional composite material consisting of 

CaO and CuO, supported on mayenite (Ca12Al14O33), has been developed recently [2]. The inert support 

enhances the reactivity of CaO, provides more mechanical strength and provides better attrition 

resistance. The composite contains 53 wt% CuO, 22 wt% CaO and 25 wt% Ca12Al14O33 and shows a 

stable CO2 capture and O2  carrying capacity [2]. This sorbent possess potential for experimental studies 

in future. Figure 5.1 shows an image of the composite material. 

 
Fig 5. 1 - Composite material (53 wt% CuO, 22 wt% CaO and 25 wt% Ca12Al14O33) 

Preliminary experiments are performed using this material in this study using the same reactor setup. 

Table 5.1 lists the conditions used in the experiments. All the experiments are performed with the total 

flow rate of 0.5 lt/min with 10% CH4 (0.05 lt/min) at temperature of 650OC (923 K) and atmospheric 

pressure (1 bar). Inlet steam is adjusted to achieve desired steam to methane ratio and N2 inlet flow is 

adjusted to cover up the total flow rate. 
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Exp. No. S/C Ratio Wt% Catalyst Wt% composite 
Inlet Flow rate (lt/min) Steam Inlet 

(gm/hr) N2  CH4  
1 3 15 85 0.30 0.05 7.227 
2 4 15 85 0.25 0.05 9.635 
3 5 15 85 0.20 0.05 12.043 

Table 5. 1 - Operating conditions for the SER experiment to study the impact of new composite material on H2 production 

Figure 5.2 shows the results obtained from the experiments. For S/C ratio 3, it can be observed that 
the process performance is good with both SER and SMR equilibrium composition being achieved. 
However for S/C ratio 4, it can be observed that SER equilibrium composition is not achieved suggesting 
bed is deficit in quantity of sorbent. Similarly for S/C ratio 5, it can be observed that SMR equilibrium 
composition is not achieved suggesting bed is deficit in quantity of catalyst as well. This suggests the 
need a reactor with larger dimensions for experimental investigation using this composite. Therefore 
a reactor with bigger internal diameter (1.6 cm), as shown in Figure 5.3, is also prepared and can be 
used in future experimental study with this composite. 

 
Fig 5. 2 - New sorbent influence on H2 production by SER (for conditions as listed in Table 5.1) 

                                                  
Fig 5. 3 - New packed bed reactor with bigger internal diameter (d=1.6 cm) 
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5.1.2 Experiments with different catalyst 

It is observed in this study that higher sorbent fraction favors the performance of SER process for H2 

production, especially in the pre-breakthrough region. However it is also observed that an optimum 

catalyst (NiO/CaAl2O4) quantity is essential for reactor performance. This suggests potential to study 

possibility of using different catalyst, such as Rh or Pt, with higher activity for SER process. Catalyst 

with higher activity will enable process with lower catalyst fraction thus facilitating use of higher 

fraction of sorbent in the bed. 

5.1.3 Experiments with bigger packed bed reactor  

The current experimental study is performed using small scale reactor which facilitated studying effect 

of different bed composition on H2 production with SER process. Now using the guidelines developed 

in this study, selective experiments can be performed using bigger packed bed reactor facility also 

available in the laboratory, as shown in figure 5.4. 

 

Fig 5. 4 - Picture of the Packed Bed Reactor setup (left) and schematic overview of the packed bed (right) [24] 

The bigger reactor will enable studying the effect of % feed dilution with N2 even for lower dilutions 

(less than 40 %) since the system used for generation of steam in this facility is not dependent on the 

absolute N2 quantity in the feed. Moreover this facility will also enable experiments at higher flowrates, 

providing more flexibility and control. It also provided facility of monitoring temperature profiles 

within the reactor additional to exit composition and temperature profiles. Reactor temperature 

profile can give more insights on the process performance. 

5.1.4 Experiments at higher operating pressure 

In the current study, experiments are performed at atmospheric pressure conditions. However as it is 

seen in section 3.3.5, operations at higher pressure leads to better performance of sorption enhanced 

reforming process. Therefore experiments can be performed at higher pressure to validate model 

predictions.  
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5.1.5 Complete cycle of Ca-Cu looping  

The focus of this study is on step 1 (sorption enhanced reforming) of Ca/Cu chemical looping process 

and sorbent regeneration is done via external heat through oven. Therefore future experimental 

studies can be done for the complete cycle of chemical looping process and the performance for 

different operating conditions can be studied. The results can be then also used for model validation 

for Step 2 (Cu oxidation) and Step 3 (Sorbent regeneration). 

5.2 Simulation recommendations 

5.2.1 Different carbonation kinetics – Random Pore Model  

As it is discussed in section 3.3.2, the shirking core model (SCM), used in the model to describe calcium 

carbonation kinetics, might be over predicting results at higher conversions. This could be because the 

SCM does not account for diffusion effects through the product layer during carbonation and is purely 

kinetically controlled. An alternate kinetic model, random pore model (RPM), is proposed by Bathia  

and Perlmutter [29,30], as described by Equation 5.1. This model describes the instantaneous gas-solid 

local reaction rate appropriate to porous systems, also accounting for product layer diffusion 

resistance. Studies are done in past using this kinetic model [31]. Therefore this kinetic model shows 

potential for future studies. 
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Where L0 represents the initial total pore length in the porous system per unit of volume, S0 the initial 

surface area per unit of volume and ɛ the porosity. These parameters can be calculated from the 

mercury porosimetry. 

Basic study has been performed using this model in the current work. The new kinetic model is 

implemented in the reactor model and kinetic parameters provided in a previous work [31] is used, as 

listed in Table 5.2. Simulations are performed for the conditions mentioned in Table 5.3. 
 

Particle 
Size (mm) 

LO 
(cm/cm3) 

S0 
(cm2/cm3) 

ɛ 
ρ 

(kg/m3) 
K0  

(m4/Kmol-s) 
EaK 

(KJ/Kmol) 
hk-d 

(nm) 
D0 

(m2/s) 
EaD 

(KJ/Kmol) 

0.6-1mm 22.2*1013 30*106 
0.4
8 

2710 4*10-6 1.34*104 45 2.85*10-5 1.77*105 

Table 5. 2 - Kinetic parameters used in random pore model (RPM) 
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Parameter Value used Units 
S/C ratio 4 - 

Temperature 650 OC 
Pressure 1 Bar 

Feed dilution with N2 50 % 
Total flow rate 0.5 lt/min 

Catalyst 27.5 % of bed 
Sorbent 72.5 % of bed 

%active CaO 25 % 
Table 5. 3 - Conditions for simulation to check model performance with random pore model (RPM) 

 
Fig 5. 5 - Model performance with random pore model (RPM) using parameters as listed in Table 5.2 and conditions as listed 

in Table 5.3; (a) With original k (left), (b) With reduced k (1/10th) (right) 

Figure 5.5 shows the results obtained from the simulations performed. It can be observed that even 
after using RPM, the model still over predicts in pre-breakthrough region. Moreover a shaper slope in 
breakthrough region is observed when compared to experimental result for the same condition. The 
model predicted better results with another attempt when carbonation rate constant (k) is reduced by 
a factor of 1/10. This suggests further study can be conducted in future to estimate kinetic parameters 
for the RPM using facilities at TU/e to study model performance with those parameters. 

5.2.2 Optimizing kinetic parameters for SMR and WGS  

As it is discussed in section 3.3.3 and section 3.3.4, SMR and WGS kinetics parameters from a previous 
study [24] is under estimating at lower operating temperatures (550 and 600 OC) and over estimating 
at higher feed flow rates (or lower methane residence time) at 650 OC. This may be because the 
previous work was primarily done at higher temperatures (800/900 OC) and therefore the results might 
not hold true for lower temperatures used in this study. Since it is found that the SER process 
performance is better in temperature range of 600 to 650 OC, it suggests a further study can be 
conducted in future to optimize kinetic parameters for SMR and WGS for lower temperatures as well. 
Model performance with those parameter can then be evaluated. 

Basic model sensitivity study with SMR and WGS kinetics rate constant is also done in this study. 
Simulations are performed for the same conditions as mentioned in Table 5.3. However in these 
simulation original carbonation rate constant is used to see if results are improved by only changing 
kinetics rate constant of SMR or WGS. Figure 5.6 (a) shows the results obtained from the simulations 
performed with changing values of SMR kinetics rate constant compared with corresponding 
experimental data. It is found that reducing the SMR kinetics rate constant brings the graph down 
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consistently in all the three region (pre-breakthrough, breakthrough and post breakthrough). 

Additionally no significant improvement to the breakthrough slope is found. When kinetics rate 

constant is significantly reduced by the factor of 1/10, a good match in pre-breakthrough region is 

observed but then SMR equilibrium is not achieved. This shows that model is not very sensitive to SMR 

kinetics rate constant and there is scope for its further optimization to achieve better results at higher 

flow rates (or lower methane residence time).   

Figure 5.6 (b) shows the results obtained from the simulations performed with changing values of WGS 

kinetics rate constant compared with corresponding experimental data. It is found that reducing the 

WGS kinetics rate constant have significant impact in pre-breakthrough region and comparatively 

minor impact in post breakthrough region. Pre-breakthrough region becomes more flat and extended 

with reducing WGS kinetics rate constant. Additionally steepness of breakthrough slope is also 

reduced. When WGS kinetics rate constant is reduced by the factor of 1/2, a good match in pre and 

post breakthrough region is observed. However a mismatch in breakthrough slope is still found. This 

suggests that model is very sensitive to WGS kinetics rate constant and there is some scope for its 

further optimization to achieve better results at lower temperatures.  

 
Fig 5. 6 - Sensitivity analysis of the model; (a) Sensitivity with SMR kinetic rate constant (left), (b) Sensitivity with WGS kinetic 

rate constant (right) 

The overall study suggests further study can be conducted in future focused more on optimization of 

WGS kinetic parameters. However the optimization needs to be done in collaboration with 

optimization of carbonation kinetics since changing SMR or WGS kinetics parameter alone does not 

produce exact match especially in breakthrough region. 

5.2.3 Including dispersion effect in model  

In the present model validation study, dispersion is accounted during the startup phase by multiplying 

the values obtained from the simulation by a correction factor and dispersion effect during 

breakthrough period is neglected. A better way to account dispersion effect can be by incorporating 

the connection, from end of the reactor to analyzer, in the model. This can be done by modeling flow 

of gas through a tube (with same diameter and length as that of connection in experimental setup) in 

which only dispersion of gas takes place without any reactions. This can be done by either creating 

another model, where result from current model is fed to new model, or by adding a dispersion part 

to the existing model. 
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Appendix A - Flow meter calibration data 
 

The flow meter calibration plot (for box 2), as explained in section 3.1.4, are included in this appendix. 

 
Fig. A. 1 - Methane flow calibration 

  
Fig. A. 2 - Nitrogen flow calibration - 1 

 
Fig. A. 3 - Nitrogen flow calibration - 2 

 
Fig. A. 4 - Carbon dioxide flow calibration 

 

 

Set Read
0 0

0.0300 0.0388
0.0400 0.0500
0.0500 0.0608
0.0600 0.0727
0.0700 0.0831
0.0900 0.1051
0.1000 0.1163
0.1100 0.1269
0.2500 0.2812
0.5000 0.5592
1.0000 1.1100

CH4 (FC 100)

Set Read
0 0

0.1000 0.1108
0.2000 0.2193
0.3000 0.3281
0.4000 0.4365
0.5000 0.5435
0.7500 0.8151
1.0000 1.0830

N2 (FC 104)

Set Read
0 0

0.1000 0.1092
0.2000 0.2170
0.3000 0.3252
0.4000 0.4336
0.5000 0.5418
0.6000 0.6497
0.7000 0.7581
0.8000 0.8669
0.9000 0.9749

N2 (FC 108)

Set Read
0 0

0.2500 0.1987
0.5000 0.3920
0.7500 0.5830
1.0000 0.7711
1.2500 0.9569
1.5000 1.1420
1.7500 1.3300
2.0000 1.5150

CO2 (FC 103)
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Appendix B – Plots depicting effect of S/C ratio 
and bed composition 
 

Outlet molar composition (dry basis) against the time for H2, CO, CO2 and CH4, for experimental 
conditions included in Table 2.1 and as explained in section 2.3.1, are included in this appendix. 

It can be observed that the bed containing 27.5% catalyst and 72.5% sorbent is found most appropriate 
for H2 production under the operating conditions tested. Using this bed composition, not only the 
equilibrium composition for SER and SMR regions are achieved but also a longer SER region with 
delayed breakthrough is observed.  

At higher catalyst fraction, performance in SER region is poor due to insufficient sorbent quantity 
leading to lower CO2 capture capacity. This leads to short SER region and an early breakthrough. 
Moreover equilibrium composition in SER region is also not archived. Similarly higher sorbent fraction, 
leads to insufficient catalyst quantity which causes incomplete methane conversion and some 
methane slip. Therefore equilibrium compositions for even SMR region is not achieved, indicating that 
the experimental condition tested is below to the operational limit for the catalyst. 

 
Fig. B. 1 - S/C ratio influence on H2 production for SER (35wt% Catalyst - 65wt% Sorbent) – Exp. No. 1.a – 1.c, Table 2.1 
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Fig. B. 2 - S/C ratio influence on H2 production for SER (27.5wt% Catalyst - 72.5wt% Sorbent) – Exp. No. 2.a – 2.c, , Table 2.1 

 
Fig. B. 3 - S/C ratio influence on H2 production for SER (20wt% Catalyst - 80wt% Sorbent) – Exp. No. 3.a – 3.c, Table 2.1 


