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Abstract 
Hydrogen is produced as a bulk chemical for a wide range of use in industry, from 

pharmaceutical high-end products to energy carrier in automotive industry. Hydrogen 

is mainly produced from methane as feedstock in large steam methane reformers. 

These chemical plants are operated at high temperature and require external energy 

(generated by combustion of methane) for the highly endothermic steam methane 

reforming process. This results in the emission of CO2 which increases the 

concentrations in the atmosphere and greatly contributes to the “greenhouse” effect. 

The process also requires proper heat management and downstream separation 

equipment.  

A novel membrane assisted gas switching reforming (MA-GSR) reactor concept is 

proposed to integrate the heat management, high purity hydrogen production and CO2 

separation  in a single unit. The main drawback of this design is the back mixing of 

nitrogen when the inlet composition is switched from oxidation to 

reforming/reduction  stage. To quantify this nitrogen dilution effect a 1D dynamic MA-

GSR phenomenological model is developed. The results from the model predictions 

are validated with experimental work. The MA-GSR experimental results and model 

predictions (based on implemented assumptions and the correlations) do not capture 

the conditions accurately; as the model overpredicts the performance of the reactor. 

For the dynamic MA-GSR modelling two case studies on oxygen carrier utilization are 

performed: comparing 2-stage with 3-stage GSR cycle and the effect of membrane 

assisted operation compared to traditional GSR operation. In the 2 stage cycle, the pre-

reduction of the oxygen carrier was not performed  while in the 3 stage a pre-reduction 

with hydrogen was carried out  to sufficiently reduce the oxygen carrier before 

steam/methane were fed. In the second study the MA-GSR operation is compared to 

GSR operation. The implementation of membranes result in higher production and 

purity of hydrogen compared to GSR. The oxygen carrier utilization for MA-GSR is 

limited by the maximum operational temperature for the membranes, whereas the 

GSR temperature range is dictated by external equipment limitations and reactor 

construction material. 
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Nomenclature 
Abbreviations 

CCS Carbon Capture and storage MeO Oxidized oxygen carrier 

CF Carbon formation reactions NK Numaguchi & Kikuchi kinetics 

CLR Chemical looping reforming OC Oxygen carrier 

DOX Degree of oxidation OMC 
Oxygen membrane chemical 

reforming 

FBR Fluidized bed reactor OX Oxidation reactions 

FL Flux limiter PDE Partial differential equation 

GSR Gas switch reforming PSA Pressure swing adsorption 

HC Hydrocarbons RED Reduction reactions 

HH Hou & Huges kinetics REF Reforming reactions 

HRF Hydrogen recovery fraction S/C Steam-to-Carbon 

HT High temperature shift SB SUPERBEE scheme 

LT Low temperature shift SMR Steam methane reforming 

LU Lower-upper matrix SOR Successive over relaxation 

MA Membrane assisted UW Upwind scheme 

MC Monotonized central scheme WGS Water gas shift 

Me Reduced oxygen carrier XF Xu & Froment kinetics 

List of parameters 

Symbol Description Unit Symbol Description Unit 

𝑎𝐶 
Activity 

coefficient carbon 
− 𝑁 All elements − 

𝑎𝑔𝑟𝑖𝑑 Grid coefficient − 𝑀𝑊 Molar weight 𝑘𝑔/𝑚𝑜𝑙 

𝐴 Area 𝑚2 𝐎𝐃𝐅 Off-diagonal matrix  

𝐶 
Gas 

concentration 

𝑚𝑜𝑙

𝑚3
 

𝑝 

Pitch length 𝑚 

𝐶𝑝 Heat capacity 
𝐽

𝑚𝑜𝑙 ∙ 𝐾
 Pressure 𝑏𝑎𝑟 

𝑑 Diameter 𝑚 

𝑃 

Perimeter  𝑚 

𝐷 
Diffusion 

coefficient 
𝑚2/𝑠 Permeability 

𝑚𝑜𝑙

𝑚 ∙ 𝑏𝑎𝑟𝑛 ∙ 𝑠
 

𝐃 

Pre-

concentration 

matrix 

 𝑄 Volumetric flow 𝑚3/𝑠 

𝐃𝐅 Diagonal matrix  𝑟 Concentration ratio − 

𝐸 Energy 𝑘𝐽/𝑚𝑜𝑙 𝑅 Gas constant 𝐽/𝑘𝑔 ∙ 𝐾 

𝐹 Massflow 𝑚𝑜𝑙/𝑠 𝑅𝑚𝑜𝑑
2  

Coefficient of 

determination 
− 

𝐅 
Convection-

diffusion matrix 
 𝑆 Selectivity − 

𝑔 Gravity constant 𝑚/𝑠2  Source term  
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Symbol Description Unit Symbol Description Unit 

𝑖 Grid cell  𝑆𝑃 
Sutherland 

parameter 
𝐾 

𝐈 Identity matrix  𝑡 Time  𝑠 

𝐉 Jacobian matrix  𝑇 Temperature 𝐾 

𝑘 
Reaction rate 

constant 
 𝑢 Velocity  𝑚/𝑠 

𝐾 
Transfer 

coefficient 
 𝑥 Solid fraction − 

𝐿 Length  𝑚 𝑋 Conversion − 

𝐿∞ 
Infinite norm 

function 
 𝑦 Gas fraction − 

𝑛 

Reaction order − 𝑧 Axial length 𝑚 

Power factor 

membrane 
−    

 

Symbol Description Unit Symbol Description Unit 

𝛼 

SOR factor − 𝜇 Viscosity 𝑃𝑎 ∙ 𝑠 

Affinity 

coefficient 

− 
𝜗 

Stoichiometric 

coefficient  

− 

γJac Jacobian gradient 

value 

− 휁 Dimensionless length − 

𝛿 Layer thickness 𝑚 𝜌 Density 𝑘𝑔/𝑚3 

∆𝐺 Gibbs free energy 𝑘𝐽/𝑚𝑜𝑙 𝜏 Dimensionless 

residence time 

− 

∆𝐻 Enthalpy 𝑘𝐽/𝑚𝑜𝑙 𝜑 Sphericity − 

ϵ Tolerance − ϕ Concentration  

휀 Bed hold-up − 𝛹 Phase hold-up − 

 

Superscript 

∗ Dimensionless    ⃑⃑  Vector 

" Flux 𝑖𝑛𝑣 Matrix inverse  

^ Time average ′ Numerical 

computation 

𝑡 Time step 𝑘, 𝑛 Iteration step 

Subscript 

𝑎𝑑 Adsorption 𝑘, 𝑙 Gas compound 

𝑎𝑥 Axial 𝑚 Solid compound 

𝐴𝐵 AB Geldart boundary 𝑚𝑎𝑥 Maximum 

𝑏 Bed 𝑚𝑒𝑚 Membrane 
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Symbol Description Unit Symbol 

𝑏0 Minimum bubble 

diameter 

𝑚𝑓 Minimum 

fluidization 

𝑏𝑚 maximum bubble 

diameter 
𝑛𝑢𝑚 

Numerical 

𝑏𝑟 Single bubble rise 𝑝 Particle 

𝐵 Bubble 𝑝ℎ, 𝑗 Phase 

𝐵𝐶 Bubble-to-wake/cloud 𝑟 Reaction 

𝐵𝐷 BD Geldart boundary 𝑅 Reactor 

𝑐𝑦𝑐𝑙𝑒 
single GSR cycle 

𝑟𝑒𝑓 
Reference 

compound 

𝐶 Cloud 𝑟𝑒𝑡 Retentate 

𝐶𝑒 Wake/cloud-to-

emulsion 

𝑠 Solid 

𝑒 Emulsion 𝑡0 Initial value 

𝑒𝑞 Equilibrium 𝑡𝑜𝑙 Tolerance 

𝑓𝑟𝑒𝑒 Free flow area 𝑊 Wake 

𝑔 Gas 𝑧 Location 

ℎ Hydraulic 
𝜙 

Concentration 

element 

𝑖 Grid cell 
0 

superficial 

𝑖𝑛 Inlet reactor standard 

𝑖𝑛𝑡 internals   

 

Dimensionless parameters 

𝐴𝑟 𝐿3𝜌|∆𝜌|𝑔

𝜇2
 

Archimedes 𝑃𝑒 |𝑢|𝑡

𝐷
 

Péclet 

𝐶𝑜 |𝑢|𝑡

𝐿
 

Courant 𝑅𝑒 𝜌|𝑢|𝐿

𝜇
 

Reynolds 

𝐷𝑎 𝑘𝑟𝑡𝜙0
𝑛−1 Damköhler 휁 𝑧

𝐿
 Length 

𝐹𝑜 𝐷𝑡

𝐿2
 

Fourier    
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Introduction 
David Brower wrote: “We don't inherit the earth from our ancestors, we borrow it 

from our children”. 

Growth of population worldwide and demand for higher quality of life result in higher 

demand for energy consumption [1]. Applications ranging from electrical output for 

household to the transport sector and chemical industry. The majority of the energy 

for consumption is derived from hydrocarbon compounds (HC). The combustion of 

hydrocarbons leads to the production of CO2. The emissions of CO2  increase the 

concentrations in the atmosphere and greatly contributes to the “greenhouse” effect 

[2]. To reduce CO2 emissions from hydrocarbon compounds, Carbon Capture and 

Storage (CCS) techniques are developed. These techniques are: 

1. Post combustion capture: Combustion of HC with direct contact of air. This results 

in a mixture of gasses containing large dilution of N2. CO2 removal from flue gas is 

performed in a separation unit after the reactor. For the separation process, a 

fraction of the HC feedstock is combusted to produce the energy required for the 

separation processes, this leads to lower carbon capture efficiency of the process. 

 

2. Pre-combustion  decarbonisation: a steam/air mixture is used to reform the HC’s 

to produce hydrogen. The hydrogen and CO2 is separated and partially the H2 is 

combusted to supply the energy for steam production, reactor and CO2/N2 

separation unit.  

 

3. Oxyfuel combustion: oxygen is separated from air and is used for reforming or 

combustion of HC. The direct supply of oxygen to HC removes the requirement of 

CO2/N2 separation units, this is replaced by an air separation unit (high cost). 

For the long-term goals to reduce the effect of CO2 emission impact on climate change 

along reduction of dependency on oil, future energy sources must meet the 

requirements of being carbon-free and renewable. A potential candidate based on 

these requirements is hydrogen.  

Hydrogen economy 

Hydrogen is produced as bulk chemical for wide use in industry, from pharmaceutical 

high-end products to energy carrier in automotive industry. Hydrogen is industrially 

produced using naphtha/oil reforming, steam reforming of methane, coal gasification 

or water electrolysis. Steam Methane Reforming (SMR) is the most commercialized 

process for the production of hydrogen, accounting for almost half of hydrogen 

produced worldwide, followed by production by steam cracking of liquid HC [3].  

The SMR plant uses methane and steam as feedstock for the production of hydrogen 

and consists of multiple reactors and separation units, as represented in Figure 1. The 

chemical conversion is based on the combination of steam methane reforming (SMR) 

and water gas shift (WGS) reactions. The feedstock containing steam and methane is 

preheated to 800-950 °C, pressurized up to 15-30 bar and reformed using Ni catalyst 



 
8 

to syngas composition. The stream is directed to a high temperature shift reactor (350-

550 °C) using Fe2O3 catalyst where the syngas is reformed to hydrogen and CO2. The 

system is thermodynamically limited and requires low temperature operations to 

achieve high selectivity towards CO2 production. This is obtained at the low 

temperature shift reactor, containing CuO/ZnO catalyst and operates at 200 - 250 °C. 

To obtain high purity hydrogen, a Pressure Swing Adsorption (PSA) unit is used to 

separate H2 from gas mixture by chemisorption of CO2 by CaO packed bed reactor.  

The total conversion of methane is highly endothermic and requires heat supply for 

isothermal operations. This energy is generated by combusting a fraction of the 

methane feedstock (MC). The governing reactions are presented in table 1. 

 
Figure 1: Conventional steam reforming reaction scheme. Consisting of reformer, high temperature (HT) 

and low temperature (LT) shift reactors combined with pressure swing adsorption (PSA) hydrogen 

separation unit, respectively [4]. 

 

Table 1: Governing reactions for steam methane reformer 

SMR 𝐶𝐻4 + 𝐻2𝑂 ↔ 3𝐻2 + 𝐶𝑂 ∆𝐻𝑟,1200𝐾 = +277 𝑘𝐽/𝑚𝑜𝑙𝐶𝐻4 

WGS 𝐶𝑂 + 𝐻2𝑂 ↔ 𝐻2 + 𝐶𝑂2 ∆𝐻𝑟,1200𝐾 = −  33 𝑘𝐽/𝑚𝑜𝑙𝐶𝑂 

MC 𝐶𝐻4 + 2𝑂2 → 𝐶𝑂2 + 2𝐻2𝑂 ∆𝐻𝑟,1200𝐾 = −612 𝑘𝐽/𝑚𝑜𝑙𝐶𝐻4 

 

The major disadvantage of this process is the requirement combustion of HC to supply 

energy for CO2/H2 and air or post-combustion separation unit to reduce CO2 emission, 

resulting in lower carbon capture efficiency. Other disadvantages are the cost of 

downstream processing units and low effectiveness of catalyst in fixed bed reactor 

operation. Depending on H2 application, purity of the hydrogen stream in this process 

obtained does not meet the specifications for fuel cells in automotive industry, requires 

a hydrogen purity above 99.95% [5]. The challenge is to reduce the amount of 

separation equipment and obtain high purity hydrogen. 

Many novel reactor designs are proposed to achieve high methane conversion and pure 

hydrogen production, as illustrated in Figure 2. The novel designs are based on the 

principle to prevent N2/CO2 mixing in any stage of the process and integrate 
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separation, reducing external separation equipment. To improve the reactor 
performance, selective removal of the hydrogen using perm-selective membranes in 
situ results in two major benefits. The removal of hydrogen causes a shift of the 
thermodynamic equilibrium composition and obtaining a high purity product stream. 
The shift favours the reforming reaction products to convert methane with steam to 
hydrogen and CO2.  

The oxygen membrane chemical reforming (OMCR) reactor design integrates air 
separation in the bottom section of the reactor with hydrogen membranes in upper 
section. The disadvantage of this design is the temperature profile required in a single 
reactor due to the different membrane operation temperatures; perovskite operate at 
1200 K and Pd-membranes at 700 K [6]. The Chemical Looping Reforming (CLR) and 
Gas Switch Reforming (GSR) designs depend on an Oxygen Carrier (OC) compound to 
store energy by an oxidation reaction and use this energy to facilitate the endothermic 
reforming reactions. The oxygen carrier is reduced  from high oxidation state to lower 
oxidation state using reductive gasses as  and/or . The generalized equations 
are presented in equations 1 & 2 for oxidation and reduction of OC respectively. 

CH4, H2O

Air

N2, (O2)

CH4
H2O

CO/H2
CO2

Air

N2, (O2)

Fuel 
reactor

CH4, H2O

(CH4,H2)
H2O,CO2,CO

H2O

H2O,H2

MeO, (Me)

Me, (MeO)

Air CH4, H2O

N2, (O2) (CH4,H2)
H2O,CO2,CO

M

Air 
reactor

CH4 CO/H2

H2O

H2O,H2

(CH4,H2)
H2O,CO2,CO

Me/MeOMe

Me

H2O

H2O,H2

 
                  (a) (b) (c) 
Figure 2: Novel reactor designs for SMR: (a) Oxygen membrane chemical reformer (OMCR), 
(b) Membrane assisted chemical looping reformer (MA-CLR), (c) Membrane assisted gas switch 
reformer (MA-GSR) 
 

  1 
 
 

 
 

2 
 

 
The difference in design of CLR and GSR is the circulation of the OC; in the CLR design, 
the OC circulates between an air and fuel reactor while GSR switches gas streams 
between an oxidation and reduction/reforming stage in a single reactor containing OC 
material. Due to construction of CLR, the air and fuel reactors can be operated in 
continues operation by separating the gas streams from the solid material. The major 
difficulty of this construction is the complexity of solid circulation and the lower 
pressure operation allowed compared to the GSR design. Increase of partial pressure 
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of hydrogen in the fuel reactor leads to higher driving force over membrane and thus 

an increase in production rate. 

The GSR is a single reactor which integrates SMR and heat management in a single 

unit. To separate the contact between air and fuel, the reactor is operated in dynamic 

manner. In the oxidation stage air is passed through a fluidized bed containing OC 

particles. The oxidation of OC results in temperature rise in the reactor. After oxidation 

stage a purge stage is required to prevent oxygen-fuel mixing, which may result in 

explosive mixtures. After the purge a mixture of fuel gasses is passed through the 

reactor, reducing the OC to the lower oxidation state and reforming the fuel to syngas 

mixture. Due to the endothermic reaction of reforming, the temperature decreases. 

When the temperature reaches initial temperature before the oxidation, a purge stage 

is required to prevent oxygen-fuel mixing; completing the GSR cycle. Advantage of this 

construction compared to CLR is the possibility to work at high pressures and scaling 

up of the reactor is simplified. The main disadvantages are the gas mixing between 

stages and the requirement for high temperature and high pressure valves for gas 

switching at inlet and outlet of reactor. Due to the transient manner of operation, a 

cluster of GSR reactors must be employed at different stages for continues production 

in large scale application. 

Scope of the thesis 

The objective of this study is to develop a 1D phenomenological model for the dynamic 

operation of the MA-GSR process at bubbling fluidization regime, in order to 

understand the behaviour of the system and to provide a tool for industrial design of 

hydrogen production. To achieve this goal, implementation of correlations which 

respect and represent the conditions in the system is vital. For this project the following 

research goals are formulated: 

- Determine performance parameters for hydrogen production from steam 

methane reforming. 

- Determine the effects of membranes on the performance of the hydrogen 

production. 

- Effect of dynamic operation on nitrogen dilution in outlet stream. 

- Validation of phenomenological model results with experimental data. 

In order to meet the last research goal, the model predictions are validated with 

experimental data obtained from a lab scale setup at the TU/e process intensification 

department of Chemical Engineering. The first chapter contains the theoretical 

background of gas-solid fluidization and gas switch reforming process fundaments. 

This includes thermodynamic study and the effects on hydrodynamics by internals and 

membranes in a fluidized bed reactor. Chapter 2 evaluates the hydrodynamic, mass 

and heat correlations required for modelling of a MA-GSR at bubbling fluidization 

operation. Chapter 3 describes the equation solvers for continues and dynamic systems 

of the MA-GSR model. In chapter 4 solution criteria based on model accuracy and 

computational time reduction techniques are presented. The experimental setup is 

described in chapter 5. The results are divided in 2 sections, model validation using 
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steady state experiments and parametric study of MA-GSR reactor performance 

parameters. The thesis is then finalized with conclusion, discussion and 

recommendations for future work. 

1 Theoretical background 

1.1 Fluidization 
When a fluid (gas or liquid) passes through a reactor filled with solid particles, the fluid 

exerts a friction force acting on the bed. Increasing the fluid velocity results in higher 

friction force until the drag force acting on the particles counteract the gravitational 

pull. At this condition, the particles are suspended in the fluid and the bed shows fluid-

like behaviour, called fluidization. Increase of fluid velocity just above this point called 

minimum fluidization state; the excess gas passes through the reactor in gas pockets 

expanding the solid containing bed. Depending on fluid velocity, particle and fluid 

properties the fluidization behaviour can be characterized in different patterns as 

represented in Figure 3. 

 
Figure 3: fluidization pattern types depending on fluid-, solid properties and fluid velocity [7]. 

 

1.1.1 Minimum fluidization parameters 

To evaluate the effect of gas-solid interaction the solid momentum balance is required. 

The momentum balance for solids is determined by evaluating all forces acting on the 

particles. After simplifications taking only into account gas-solid drag and buoyancy 

forces, the balance reduces into equation 3. 

 𝜕

𝜕𝑡
((1 − 휀𝑏)𝜌𝑠𝑢𝑝⃑⃑ ⃑⃑ ) = (1 − 휀𝑏)(𝜌𝑠 − 𝜌𝑔)𝑔 + ∇𝑝  3 

 

The drag force on a bed with high solid density is analytically determined by Ergun [8] 

resulting in following equation: 
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∇𝑝 = 150
𝜇𝑔

𝜑𝑝
2𝑑𝑝

2

(1 − 휀)2

휀3 (𝑢𝑔⃑⃑ ⃑⃑ − 𝑢𝑝⃑⃑ ⃑⃑ ) + 1.75
𝜌𝑔

𝑑𝑝𝜑𝑝

1 − 휀

휀3 (𝑢𝑔⃑⃑ ⃑⃑ − 𝑢𝑝⃑⃑ ⃑⃑ ) ∙ |𝑢𝑔⃑⃑ ⃑⃑ − 𝑢𝑝⃑⃑ ⃑⃑  |   [
𝑘𝑔

𝑚2 ∙ 𝑠2] 4 

 

At minimum fluidization velocity the drag force is equal to the buoyancy force, 

rewriting equations 3 & 4 result into the minimum fluidization Reynolds number and 

the Archimedes particle number, as shown in equation 5.  

 

 
𝐴𝑟𝑝 =

150

𝜑𝑝
2

1 − 휀𝑚𝑓

휀𝑚𝑓
3 𝑅𝑒𝑚𝑓 +

1.75

𝜑𝑝휀𝑚𝑓
3 𝑅𝑒𝑚𝑓

2  5 

 

Where dimensionless parameters are defined as: 

 

 
𝐴𝑟𝑝 =

𝑑𝑝
3𝜌𝑔∆𝜌𝑔

𝜇𝑔
2

 ; 𝑅𝑒𝑚𝑓 =
𝜌𝑔𝑑𝑝𝑢𝑚𝑓

𝜇𝑔
 6 

 

Important parameters affecting the minimum fluidization velocity is the minimum 

fluidization gas hold-up (휀𝑚𝑓) and the particle sphericity (𝜑𝑝). Grace [9] proposed 

equation 7 to estimate the minimum fluidization hold-up, determined experimentally 

using large range of particles and fluid properties. 

 

 
휀𝑚𝑓 =  0.586 𝜑𝑝

−0.72𝐴𝑟𝑝
−0.029 (

𝜌𝑔

𝜌𝑝
)

0.021

 [
𝑚𝑔

3

𝑚𝑅
3] 7 

 

Above minimum fluidization conditions, the physical properties of gas and solid 

determines the fluidization behaviour and regimes of the fluidized bed. The 

fluidization pattern determines significantly the performance of the reactor and the 

bed behaviour. Therefor understanding of fluidization regimes and there limitations 

are required for selecting proper operational conditions.  

 

1.1.2 Geldart classification  

The fluidized bed behaviour is dependent on the solid properties and the dominating 

forces acting on the particles. Increasing particle diameter reduces particle-particle 

interaction forces and drag forces become more dominant. Solid particles for 

fluidization operations can be categorized in four groups: cohesive (C), aeratable (A), 

sand-like (B) and spoutable (D). These groups follow the well-known Geldart 

classifications. Each Geldart group has different fluidization properties and shows 

various fluidization regime, with increasing diameter C<A<B<D. 

 

Group C: particles with a small size or a low density. This kind of beds can expand 

considerably before bubbling fluidization starts occurring. Solid circulation patterns 

are strong even with few bubbles, generating a good mixing. To obtain a fluidized bed, 

mechanical agitation or other techniques are needed to break inter particle forces. 
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Group A: particles with small size (𝑑𝑝 < 30 𝜇𝑚) or low particle density. The bed 

expands considerably before bubble fluidization regime occurs. The solid circulation 

patterns is significant at low excess bubble formation, causing good mixing. The inter 

particle forces are still significant contributors compared to drag forces. 

 

Group B: typically particles of 30 < 𝑑𝑝< 500 𝜇𝑚 and particle density ranging between 

1400 – 4000 𝑘𝑔/𝑚𝑝
3. Excess of gas flow escapes bed in bubble formation. No solid 

circulation is detected without bubble formation and bubble size increases over the bed 

height. 

 

• Group D: particles with large size (𝑑𝑝 > 500 𝜇𝑚). The last group considers coarse 

particles or high density solids. Fluidization of these particles require high fluid 

velocity and this group of particles can form spouted beds. 

 

The boundaries between Geldart groups is experimentally determined. These 

boundaries can be calculated using equation 8 for Geldart AB and 9 for Geldart BD 

boundary [10].  

 

 
𝐴𝑟𝐴𝐵 =  1.03 ∙ 106 (

𝜌𝑔

∆𝜌
)
1.275

 8 

 

 𝐴𝑟𝐵𝐷 = 1.25 ∙ 105 9 

 

1.1.3 Fluidization regime diagram 

The next objective is to determine the behaviour of specific gas-solid system, this 

depends highly on the fluid velocity. Various investigators have mapped the relation 

between Geldart type particles, fluid velocity and fluidization regimes. Many 

investigators have constructed charts to map out these fluidization regime and Grace 

[9] is selected in this work for graphical representation (Figure 4). 

In the mapping of fluidization regimes, dimensionless diameter and fluid velocity are 

selected to standardize the operational conditions. These dimensionless parameters 

are defined as: 

 
𝑑𝑝

∗ = 𝐴𝑟𝑝
1/3

;  𝑢∗ =
𝑅𝑒𝑝

𝐴𝑟𝑝
1/3

 10 

 
𝑅𝑒𝑝 =

𝜌𝑔‖𝑢𝑝⃑⃑ ⃑⃑ − 𝑢𝑔⃑⃑⃑⃑ ‖𝑑𝑝

𝜇𝑔
 11 
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Figure 4: General flow regime diagram for the whole range of gas-solid contacting. Letters C, A, B, and D 

refer to the Geldart classification of particles [9]. 

 

For single fluidization reactor where solid transfer out of the reactor is not allowed, the 

terminal velocity must not be exceeded. The terminal velocity can be derived from force 

balance on single particle at Stokes regime. For non-spherical particles this equation is 

extended by Turton [11] and lead to: 

 
𝑢𝑡

∗ = [
18

𝑑𝑝
∗ 2 +

2.335 − 1.744𝜑𝑝

𝑑𝑝
∗ 0.5 ]

−1

; 0.5 ≤ 𝜑𝑝 ≤ 1.0 12 

 

The selection of particle properties and effect of physical properties of the gas can be 

established for the operation of MA-GSR.  
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1.2 Effect of internals and Pd-membrane modules 

1.2.1 Application of internals 

In large industrial equipment, the surface-to-volume ratio increases drastically when 

scale-up is required. To increase local control on reactor conditions, internals are 

installed. These internals in reactor vessels are used to increase mixing properties, 

regulate heat management or are semi-permeable membranes to selectively 

remove/supply chemicals. Due to internals, the hydrodynamics of a fluidized bed 

reactor (FBR) is significantly affected; depending on the configuration and amount of 

internals. In a FBR the internals are horizontally or vertically installed, depending on 

desired hydrodynamic effect, like bubble breakage and/or internal solid circulation 

patterns. 

1.2.2 Hydrodynamic effect 

The amount of internals is depending on the required surface area for semi-permeable 

membranes and the break-up of bubbles in a FBR. The effect on the hydrodynamics is 

based on the configuration and packing density of the internals. In industry the square 

and triangular pitch are most common to create large surface area per volume with 

maximum packing density as possible, taking into account the ease of maintenance. In 

Figure 5 the configurations are projected. 

p

dmem

 

p

 
(a) (b) 

Figure 5: Schematic overview of vertical tubular internals and corresponding pitch parameters (a) 

square pitch, (b) triangular pitch 

 

The internals have significant effect on the bubble diameter, affecting hydrodynamic 

and heat/mass transfer parameters of the system. To estimate the maximum bubble 

diameter possible, the hydraulic diameter is introduced to take the effect of internals 

into account. The hydraulic diameter is defined as wetted perimeter to free flow area 

ratio: 

 
𝑑ℎ = 𝑑𝑏𝑚 =

4𝐴𝑓𝑟𝑒𝑒

𝑃
  [𝑚] 13 

 

Where 𝑑𝑏𝑚 is maximum bubble diameter between the internals, 𝑃 is wetted perimeter 
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of the fluid and 𝐴𝐹𝑟𝑒𝑒  is free flow area. Depending on configuration, the perimeter and 

the free flow area can be calculated using equations 14 and 15 respectively. 

 
𝑃 = {

4 ∙ (𝑝𝑖𝑛𝑡 − 𝑑𝑖𝑛𝑡) + 𝜋𝑑𝑖𝑛𝑡 𝑠𝑞𝑢𝑎𝑟𝑒

3 ∙ (𝑝𝑖𝑛𝑡 − 𝑑𝑖𝑛𝑡) + 𝜋𝑑𝑖𝑛𝑡 𝑡𝑟𝑖𝑎𝑛𝑔𝑙𝑒
  [𝑚] 14 

 

 
𝐴𝑓𝑟𝑒𝑒 = {

𝑝𝑖𝑛𝑡
2 − 𝜋𝑑𝑖𝑛𝑡

2 𝑠𝑞𝑢𝑎𝑟𝑒

√3/16𝑝𝑖𝑛𝑡
2 − 𝜋𝑑𝑖𝑛𝑡

2 𝑡𝑟𝑖𝑎𝑛𝑔𝑙𝑒
  [𝑚2] 15 

 

These correlations are implemented in the model to adjust the maximum stable bubble 

diameter in the MA-GSR model. It must be emphasized that the effect of internals 

dimensions and configuration on the fluidized bed behaviour is not well investigated 

in literature.  

1.3 GSR fundaments and performance parameters 
As described in the introduction the GSR system is operated dynamically, switching 

gas stream inlet composition between stages until autothermal operation is obtained. 

To have a better understanding about the limitations of this process, the requirements 

for stable operation must be investigated in terms of chemical, thermal and mechanical 

properties. This section is divided in thermodynamic evaluation, particle properties 

and membrane properties. 

1.3.1 Thermodynamic parameters 

In the GSR reactor the chemical reactions occurring with the OC and/or catalyst can 

be divided in 4 main groups: oxidation of the oxygen carrier (OX), reduction of oxygen 

carrier (RED), catalytic reforming of fuel gasses (REF) and carbon formation (CF). The 

first three groups are desired and the CF reactions are undesired. The CF reactions can 

lead to irreversible reactions by carbon deposition on the catalytic surface resulting in 

decrease of catalytic activity. In Appendix A the governing reactions for a GSR reactor 

are presented using nickel as example which acts as both OC compound and catalyst. 

The design of the reactor and separation equipment is highly dependent on the 

thermodynamic properties of the system. To evaluate the maximum conversion of the 

inlet composition the thermodynamic equilibrium must be determined. The 

thermodynamic equilibrium of a reaction is highly dependent on temperature and is 

determined by the stability of the products. This is expressed in the well-known Gibbs 

free energy: 

 ∆𝐺𝑟 = ∑𝜗𝑘∆𝐺𝑘(𝑇) [𝑘𝐽/𝑚𝑜𝑙] 16 

 
𝐾𝑟,𝑒𝑞 = exp (−

∆𝐺𝑟

𝑅𝑇
) 

[−] 17 

 

The products from OX and RED reactions are highly thermodynamically favoured, 

thus is unaffected by thermodynamic equilibrium position. The REF reactions and 

products are thermodynamically limited at the standard reforming operational 
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conditions. The equilibrium composition has been determined for different steam-to-

carbon (S/C) ratios. This ratio is based on H2O inlet compared to CH4 inlet to the GSR 

reactor based on molar flow. In Appendix C the equilibrium conversion of methane is 

presented at variable temperature and S/C ratios. 

To prevent carbon formation reactions, the system must be operated with conditions 

significantly far from thermodynamically favourable conditions. This analysis is 

performed and effect of temperature, pressure and steam-to-carbon (S/C) ratios is 

presented in Appendix B. Selection of proper S/C ratio conditions in the system result 

in negligible carbon formation.  

1.3.2 Particle properties 

The particle physical properties are essential for heat management and the dispersion 

of catalyst throughout the reactor. The particles must meet the following requirements: 

- High crush strength for physical stability of particles due to solid-solid and 

solid-wall collisions 

- Chemical stability at oxidative and reductive mixtures 

- Thermal stability at variable reactor temperature. 

- High heat capacity for thermal energy storage for minimum temperature 

gradient in reactor at equal energy production. 

- OC compound has high affinity for reversal between high and low oxidative state 

at oxidative and reductive conditions respectively 

- High melting point to prevent sintering. 

At fluidization conditions, the particles collide with other particles and with 

walls/internals. To prevent particles from excessive wear and breaking, a high crushing 

strength material is required. In industry the particles for catalytic conversion using 

fluidized bed reactors are constructed using (porous) support material with high 

mechanical strength and the active material is dispersed on the surface. This also 

increases an active area per particle volume (increasing chemical reaction rates). 

Important for the process is the reversibility of the OC material in oxidative and 

reductive operational conditions. When stable low or high oxidative state OC are 

formed, the affinity towards reversal is thermodynamically unfavourable; and the GSR 

cycle is suppressed due to incapability towards energy generation and storage [12].For 

energy storage, a high heat capacity of solid material is desired. At equal energy 

production, materials with higher heat capacity result in lower temperature rise in the 

process. For dynamic processes temperature gradient control is vital for the durability 

and stability of reactors and separation equipment. Depending on operational 

temperature and desired temperature rise, the melting point of the active materials 

must be larger than the maximum temperature in the reactor. The active material is 

dispersed over support material and operation temperatures near melting point result 

in so-called sintering. Sintering fusses active material dispersed on the support 

together, reducing surface-to-volume ratio, thus reducing reaction rates controlled by 

surface limiting processes. When materials are selected respecting the requirements 

stated above, the properties of the particle can be determined based on desired 



 
18 

fluidization regime. The density of the particle can be adjusted by creating more or less 

porous particles. Based on these criteria Ni/NiO on γ − Al2O3 support is selected in this 

project, readily proved material for CLR and CLC processes [13][14]. The selection of 

the ideal OC particle is out of the scope for this project.  

1.3.3 Membrane effects on chemical process 

The performance of the GSR reactor operating at low temperatures is 

thermodynamically limited (resulting in low conversion of the carbon feedstock). To 

achieve higher conversion, internals with membrane activity are installed into the 

reactor to extract hydrogen from the gas mixture. In Figure 6 the selective removal of 

a compound from mixture using a membrane is schematically presented. 

 
Figure 6: Schematic representation of a perm-selective membrane [4]. 

 

Removal of hydrogen from the reactive mixture has 2 advantages: collection of the 

target product and the shift in thermodynamic equilibrium to higher carbon feedstock 

conversion. The requirements for membranes in GSR construction are a high 

selectivity for H2, an operation regime at GSR temperature range, resistance to 

oxidative and reductive gas compositions at dynamic operation and mechanical 

resistance towards solid-wall collisions by gas-solid fluidization. Based on the criteria 

above, dense-metallic membranes fit the requirements. 

The mechanism for hydrogen permeation through dense metallic-membranes is well 

described in literature[15]. The permeability of a diatomic gas diffusing through a 

metallic stationary substance is defined in equations 18 & 19. 

 
𝑄𝑘,𝑚𝑒𝑚

" =
𝑃𝑘,𝑚𝑒𝑚

𝛿𝑚𝑒𝑚
∗ (𝑝𝑘,𝑅

𝑛𝑚𝑒𝑚 − 𝑝𝑘,𝑟𝑒𝑡
𝑛𝑚𝑒𝑚) [

𝑚𝑜𝑙𝑘
𝑚𝑚𝑒𝑚

2 ∙ 𝑠
] 18 

 
𝑃𝑘,𝑚𝑒𝑚 = 𝑃𝑘,0 𝑒𝑥𝑝 (−

𝐸𝑎,𝑚𝑒𝑚

𝑅𝑇𝑅
)  [

𝑚𝑜𝑙𝑘
𝑏𝑎𝑟𝑛 ∙ 𝑚 ∙ 𝑠

] 19 

 

 

Where 𝑛𝑚𝑒𝑚is fitted from experiments. The value is dependent on the system ranges 

from 0.5 ≤  𝑛𝑚𝑒𝑚 ≤ 1.0. For 𝑛𝑚𝑒𝑚 =  0.5  describing Sieverts’ law based on 
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dissociation of hydrogen on metallic surface as rate limiting step and 𝑛𝑚𝑒𝑚 =  1.0  fully 

external limited regime. The internals with membranes active area is implemented in 

the MA-GSR model with corresponding characteristics determined from experiments. 

To objectively compare the performance of MA-GSR reactor at variable operation 

conditions, performance parameters must be defined.  

1.3.4 Performance parameters 

In order to compare the GSR reactor with other steam methane reformer reactor 

designs, performance parameters are introduced with which the effect of operation 

conditions on the reactor and membrane performance can be quantified. To compare 

dynamic and continues production of hydrogen using SMR process the performance 

parameters are standardized.  

 In this study the following parameters are defined to evaluate the process: 

- Hydrogen to methane production rate    𝐻/𝐶 

- Methane feedstock conversion     �̂�𝐶𝐻4 

- CO2-to-CO selectivity       �̂�𝐶𝑂2/𝐶𝑂 

- Nitrogen dilution in product gas     �̂�𝑁2 

- Methane consumption rate     �̂�𝐶𝐻4 

- Hydrogen production rate     �̂�𝐻2 

To study the effect of membranes on the process the following membrane specific 

parameters are defined: 

- Hydrogen recovery fraction    𝐻𝑅𝐹 

- Ideal membrane selectivity     𝑆𝐴/𝐵 

The maximum hydrogen yield in the process is obtained by comparing the production 

rate of hydrogen to the feedstock consumption, taking into account energy 

requirements for the reactions. This results in the parameter called hydrogen-to-

carbon ratio, defined in equation 20. The ideal ratio is obtained by balancing the 

enthalpy of formation presented in Table 1, calculated to be 3.3.  The overall reactor 

efficiency is determined by the conversion of methane to products, where the 

maximum conversion is determined by thermodynamics. The methane is converted to  

CO and CO2 where high CO2 production is desired for hydrogen production. The ratio 

between undesired and desired products is defined in the product selectivity. The last 

parameter determines the average nitrogen content in the fuel gas outlet. To be able to 

compare dynamic and continues reactor configurations, the production rate is 

standardized by comparing the time average production rate with continues 

production rate. This assumes that a cluster of dynamic reactors are operated in 

parallel at different operational stages, resulting in pseudo-continues reactor output. 

When membranes are operated, the objective is to selectively remove the maximum 

amount of hydrogen as pure as possible. This is defined in the hydrogen recovery 

fraction which compares the hydrogen permeation stream compared to maximum 

obtainable hydrogen production. Furthermore the selectivity of desired H2 and the 

other gas compounds is important as it affects the purity of the product stream. In 
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Table 2 the performance parameters are defined for continues and dynamic 

operations. 

Table 2: Performance parameters equations for MA-SMR reactors evaluation at continues and dynamic 

operations  

Parameter Continues operation Dynamic operation   

𝐻/𝐶 
𝐹𝐻2,𝑜𝑢𝑡 + 𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚

4 ∙ ∆𝐹𝐶𝐻4
 

∫{∆𝐹𝐻2 + 𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚}𝑑𝑡

∫ 4 ∙ ∆𝐹𝐶𝐻4 𝑑𝑡
 [−] 20 

�̂�𝐶𝐻4 1 −
𝐹𝐶𝐻4,𝑜𝑢𝑡

𝐹𝐶𝐻4,𝑖𝑛
 

∫ (𝐹𝐶𝐻4,𝑖𝑛 − 𝐹𝐶𝐻4,𝑜𝑢𝑡)𝑑𝑡
𝑡1
𝑡0

∫ 𝐹𝐶𝐻4,𝑖𝑛𝑑𝑡
𝑡1
𝑡0

 [−] 21 

�̂�𝐶𝑂2/𝐶𝑂 
𝐹𝐶𝑂2,𝑜𝑢𝑡

𝐹𝐶𝑂2,𝑜𝑢𝑡 + 𝐹𝐶𝑂,𝑜𝑢𝑡
 

∫ 𝐹𝐶𝑂2𝑑𝑡
𝑡1
𝑡0

∫ (𝐹𝐶𝑂2 + 𝐹𝐶𝑂)𝑑𝑡
𝑡1
𝑡0

 [−] 22 

�̂�𝑁2 
𝐹𝑁2,𝑜𝑢𝑡

∑𝐹𝑘,𝑜𝑢𝑡
 

∫ 𝐹𝑁2,𝑜𝑢𝑡 ∙ 𝑑𝑡
𝑡1
𝑡0

∫ ∑𝐹𝑘,𝑜𝑢𝑡 ∙ 𝑑𝑡
𝑡1
𝑡0

 [−] 23 

�̂�𝐶𝐻4 −∆𝐹𝐶𝐻4 −
∫ ∆𝐹𝐶𝐻4 ∙ 𝑑𝑡

𝑡1
𝑡0

𝑡1 − 𝑡0
 [𝑚𝑜𝑙/𝑠] 24 

�̂�𝐻2 ∆𝐹𝐻2 + 𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚 
∫ (∆𝐹𝐻2 + 𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚) 𝑑𝑡

𝑡1
𝑡0

𝑡1 − 𝑡0
 [𝑚𝑜𝑙/𝑠] 25 

𝐻𝑅𝐹 
𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚

4 ∙ 𝐹𝐶𝐻4
 

∫𝑄𝐻2,𝑚𝑒𝑚"𝐴𝑚𝑒𝑚 𝑑𝑡

∫ 4 ∙ 𝐹𝐶𝐻4 𝑑𝑡
 [−] 26 

𝑆𝐻2/𝑘 
𝑄𝐻2,𝑚𝑒𝑚

𝑄𝑘,𝑚𝑒𝑚
 

∫𝑄𝐻2,𝑚𝑒𝑚 𝑑𝑡

∫𝑄𝑘,𝑚𝑒𝑚 𝑑𝑡
 [−] 27 

 

2 Modelling MA-GSR reactor 
In modelling of FBRs, several phenomena need to be coupled to characterize the main 

performance variables and accurately represent the system behaviour. For dynamic 

operation of FBRs, the selected model must meet the following minimum 

requirements: 

- Contain distinct gas and solid phases where solid material is contained in single 

reactor. 

- Takes into account solid and fluid circulation. 

- Mass transfer between distinct phases.  

- Describe fluidized bed behaviour at bubbling fluidization conditions. 

- Dynamic operation to operate at variable gas inlet compositions. 

Conservation balances of material and energy need to be established  to track the 

evolution of system state variables, such as species concentrations and temperature 

along the reactor and dynamic operation time. These equations are coupled with 

information on the geometry, physics, kinetics, mass transfer and flow patterns of the 

different phases in the reactor. 
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2.1 Model selection and assumptions  
The model considered is similar to the one developed by Mahecha-Botero et al.[16] 

which follows the description of three phase model for a bubbling bed derived by Kunii 

and Levenspiel [17]. The reactor consist of 3 distinct phases: bubble, wake/cloud and 

emulsion phase. The bubble phase is created due to excess gas flow above minimum 

fluidization conditions escaping the bed through bubble formation. These bubbles 

grows due to bubble merging along the length of the reactor, increasing the bubble 

velocity further. The bubble movement result in solid mixing, causing solid circulation 

patterns. Due to the displacement of solids above the bubble, solids move downward 

with respect to the bubble position,. This creates a solid layer around the bubble called 

the cloud phase. As the bubble moves upward, it entrains some solid in its wake, which 

is moving upwards with the same velocity as the bubble. The remaining section of the 

FBR, where direct interaction with the bubbles are not occurring, is called the emulsion 

phase. A representation of FBR at bubbling fluidization regime is presented in Figure 

7, with the gas and solid velocities per phase respectively. 

 

For modelling of the MA-GSR model assumptions must be established resulting in 

simplifications in the amount of equations to solve while respecting the significant 

contributions to the physics of the system and representing the system accurately. The 

particles selected are Geldart B type particles and the MA-GSR is operated at bubbling 

fluidization conditions. 

  

 
Figure 7: Three phase fluidized bed model representation : (a) cross section bubbling fluidized bed with 

bubble, cloud/wake and emulsion phases  (b) schematic representation phase gas and solid velocity 

and solid distribution [17]. 
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Assumptions based on Geldart B type particles at bubbling fluidized bed operations 

are: 

- Gas and solid move through the reactor in plug flow, axial diffusion of gas 

induced by gas velocities differential between phases and solid movement 

- Reactor consist of 2 zones, fluidized bed zone and freeboard zone 

- Bubble phase does not contain solids. 

- Wake and emulsion phase solid at minimum fluidization conditions at steady 

state operation 

- Uniform temperature throughout entire fluidized bed, with no distinction 

between gas-solid temperature and fluid phases.  

- No heat transfer limitations between fluid phases 

- No gas-solid external heat and mass transfer limitations 

- No internal mass transfer limitations for REF reactions.  

- Shrinking core model for OX and RED reactions 

- Gas extraction by membrane operations linear contribution over all phases 

- Solid exchange between wake and emulsion present 

These assumptions reduces balances for conservation of continuity and energy 

significantly. The generalized equations formulated using the assumptions above are 

presented in Appendix D. Therefor the bubble effect on hydrodynamics and mass 

transfer must be investigated.  The partial differential equations (PDEs) for mass and 

energy balances are generalized in the following format: 

 𝜕

𝜕𝑡
(Ψεϕ) =  

𝜕

𝜕𝑧
[Ψε𝑢ϕ + Dax

∂ϕ

∂z
 ] + 𝑆ϕ 

28 

 

The model correlations adopted in the model are described in the next section. 

2.2 Model correlations 

2.2.1 Hydrodynamic correlations 

For the modelling of the hydrodynamics of the system, the bubble parameters and the 

phase fraction hold-up are important and have a major impact on the performance of 

the reactor. The solid circulation induced by the turbulent bubble movement through 

the bed create uniform temperature distribution in the reactor. The bubble movement 

results in mass transfer between the bubble and emulsion phase whereas the reactions 

only take place in the solid containing phases. 

Important is the correlation between local velocities and superficial velocities. The 

local velocities have an important impact on dimensionless parameters concerned with 

gas-solid external mass and heat transfer and transfer between fluid phases.  

2.2.2 Mass transfer correlations 

The mass transfer between bubble and solid containing phases (wake, cloud and 

emulsion) is required to contact the gas with the active solid compounds at the particle 

surface. As gas is diffused to the solid containing phases, the gas must diffuse from the 

bulk to the solid surface and into the particle due to molecular diffusion. The mass 
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transfer between bubble-to-wake/cloud and wake/cloud-to-emulsion is highly 

dependent on contact area between bubble and emulsion and therefor the bubble size. 

The bulk to solid interface is highly dominated by convection and particle geometry. 

The bubble-to-cloud and cloud-to-emulsion mass transfer rates can be calculated using 

equations 29 & 30 [18]. The other important mass transfer is the exchange of solids 

between wake/cloud and emulsion phase. This is required to complete solid circulation 

and correct mixing of solid species throughout the reactor when dynamic operation is 

required. The exchange of solid for bubbling fluidization is investigated by Kok et al. 

and can be estimated using equation 31 [19].  

 
𝐾𝐵𝐶,𝑘 = 4.5 (

𝑢𝑚𝑓

𝑑𝑏
) + (

𝐷𝑘
1/2

𝑔1/4 

𝑑𝑏
5/4

) [𝑠−1] 29 

  
𝐾𝐶𝑒,𝑘 = 6.78 (

휀𝑚𝑓𝐷𝑘𝑢𝐵

𝑑𝑏
3 )

1/2

 [𝑠−1] 30 

 

𝐾𝑠 = 

{
 
 

 
 7.5 ∙ 10−3(𝑢0 − 𝑢𝑚𝑓)

𝑢𝑚𝑓𝑑𝑏

𝑢𝑔0

𝑢𝑚𝑓
≤ 3

0.15

𝑑𝑏

𝑢𝑔0

𝑢𝑚𝑓
> 3

 [𝑠−1] 31 

 

2.2.3 Kinetic selection 

Intrinsic kinetic studies in literature are performed at the operation range of interest 

for the author. Depending on these conditions the kinetic expression using the same 

material can differ significantly, based on kinetic derivation and assumed rate limiting 

step or empirical correlation. Therefor the kinetics selected in the model must 

represent the same reaction conditions as performed in experiments. In this study the 

governing reactions for GSR system are divided in three main groups, as defined in 

section 1.3.1. The OX and  RED reactions are gas-solid reactions where the reaction 

rate is determined by the gas-solid surface contact area and local concentration of 

oxidative or reductive gasses.  

From literature two intrinsic kinetic rates for the OX and RED are selected: Medrano 

& Hamers  and Dueso et al.[20][21]. Medrano & Hamers  experiments are performed 

between 773 and 973 K where Dueso conducted experiments between 973 and 1223 K 

and proposes an empirical model for OX and RED reactions. Both schemes assumes 

shrinking core model due to consumption of reactive gasses, resulting in diffusion 

limitations. The reaction rates for OX and RED reaction are presented in Appendix F. 

From literature three kinetic schemes are selected for REF reactions that are 

implemented in the model: Numaguchi & Kikuchi (NK), Xu & Froment (XF) and Hou 

& Huges (HH) [22] [23] [24]. Depending on the reactor conditions of interest, one of 

the schemes is selected in the model.  The conditions at which the kinetic schemes are 

evaluated is presented in Table 3. 
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Table 3: Reactor conditions for kinetic schemes REF reactions 

conditions NK XF HH 

𝑇𝑅 [K] 674  - 1160 675  - 1000 600 - 833 

𝑃𝑅 [bar] 1.2 - 25.5 5.0 - 30 1.2 - 6.0 

𝑆/𝐶 [-] 1.4 - 4.5 3.0 - 5.0 4.0 - 7.0 

Rate limiting 

step 

Methane 

adsorption 

Dissociation at 

surface  

Dissociation at 

surface 

 

NK intrinsic rate equation is evaluated at wide temperature, pressure range and S/C 

ratios. It assumes that methane adsorption is the rate limiting step in the catalytic 

conversion. XF and HH assume surface reactions to be rate limiting, therefor intrinsic 

rate equations were derived by using the Langmuir–Hinshelwood type expressing with 

Freundlich’s adsorption concept. The reaction rates and parameters for REF reactions 

are presented in Appendix F.  

3 Model equation solvers 
This chapter is divided in two sections. The first part describes the method of solving 

the partial differential equations in the model for steady state or dynamic operation of 

the GSR reactor. The second part is focussed on the optimization of the code its 

accuracy of the solution and/or reduction of computational time.  

3.1 Discretization of equations 
To solve the system of partial differential equations, the equations are discretized using 

a finite element method, where the volume of the reactor is discretized in axial 

direction into multiple volumetric elements (grid cells). The discretized equations are 

solved with matrix solvers using iterative methods. The equations for continuity and 

energy equation can be generalized using the following matrix and vector notation.   

 𝐃t+∆tϕ⃑⃑ 𝑡+∆𝑡 − 𝐃tϕ⃑⃑ 𝑡

∆𝑡
= 𝐅 ∙ ϕ⃑⃑ + S⃑ ϕ  32 

 

Where ϕ⃑⃑  is the concentration vector of interest, t & t+∆𝑡 are solutions of equations at 

old and new timestep, 𝐃 contains the pre-concentration elements on the diagonal 

entries of the identity matrix, 𝐅 contains advection and diffusion terms and S⃑ ϕ contains 

all source terms including mass transfer, reactions and membrane permeance. 

Depending on steady state or dynamic operation, different solver techniques are used 

to optimize the solution finding method.  

3.1.1 Steady state operation solver 

For steady state model, the left hand side of equation 32 is reduced to a zero vector as 

we are interested in time independent solution. The system is solved using the Jacobi 

point-iterative method including the successive over relaxation (SOR) method. The 

convergence rate of the Jacobi method depends on the properties of the iteration 

matrix. The convergence of the system is checked by calculating the 𝐿∞ −norm 

(equation 38) based on the difference between new and old iterative solution. The 
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convergence of the system is improved by implementing a Taylor expansion of the 

source term to stabilize intermediate solutions. The implementation of source term 

linearization is presented in Appendix I. The linearization of the source term reduces 

the overshoots at intermediate solutions. This effect is more significant at solutions 

further from stable solution. It can be proved that the linearization effect in the extreme 

limit of a stable solution, 𝑆𝜙
𝑛+1 = 𝑆𝜙

𝑛 , reduces to a zero vector. 

 

 𝑆 𝜙
𝑛+1 = 𝑆 𝜙

𝑛 + 𝐉 ∙ [ϕ⃑⃑ n+1 − ϕ⃑⃑ n]  33 

 lim
∆ϕ→0

𝑆 𝜙
𝑛+1 = 𝑆 𝜙

𝑛 ; 𝐉 ∙ ∆ϕ⃑⃑ = 0⃑   34 

 

In the Jacobi method with linearized source terms, the convection-diffusion matrix 𝐅 

is deconstructed in a diagonal matrix 𝐃𝐅 containing all elements 𝐅𝑖,𝑖, and an off-

diagonal matrix 𝐎𝐃𝐅 containing all elements 𝐅𝑖,𝑗where 𝑖 ≠ 𝑗. Rewriting equation 32 

into equation 36, the new iterative solution is computed using a direct method, such as 

lower-upper (LU) decomposition. The degree of convergence is calculated using the 

𝐿∞-norm by comparison of old and new solution. If convergence is not obtained, the 

new guess solution is updated using the SOR method, presented in equation 39. Where 

𝛼 is the SOR factor and 𝑛 is iterative solution. For 𝛼 = 1, direct method is obtained and  

for 0 < 𝛼 < 1, the relaxation method is applied. For systems with stiff equations low 

SOR factor are required. For system with smooth transition, higher SOR factors can 

reduce the amount of iterations required for stable steady state solutions. The iterative 

loop for steady state is presented in Figure 8a. 

 0⃑ =  𝐅 ∙ ϕ⃑⃑ + S⃑ ϕ 35 

 −𝐃𝐅 ∙ ϕ⃑⃑ n+1 = 𝐎𝐃𝐅 ∙ ϕ⃑⃑ n + S⃑ ϕ
n + 𝐉n ∙ [ϕ⃑⃑ n+1 − ϕ⃑⃑ n]  36 

 ϕ⃑⃑ n+1 = −[𝐃𝐅 + 𝐉n]inv ∙ [(𝐎𝐃𝐅 − 𝐉n) ∙ ϕ⃑⃑ n + S⃑ ϕ
n] 37 

 

Convergence criterion for steady state 

 ϵtol > max L∞|∆ϕ⃑⃑ | ;  ∆ϕ⃑⃑ = ϕ⃑⃑ n+1 − ϕ⃑⃑ n  38 

Update of intermediate solution 

 ϕ⃑⃑ n+1 =  αϕ⃑⃑ n + (1 − α)ϕ⃑⃑ n−1  39 
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                                     (a)                         (b) 
Figure 8: model solver routes MA-GSR model: (a) steady state solver, (b) dynamic operation solver per 
time step 

 

3.1.2 Dynamic operation solver 
For dynamic modelling of the system the generalized set of equations presented in 32 
must be solved for time and position. The objective of the solver method is to obtain 
stable and accurate solutions at minimum amount of computations required. The first 
step towards accurate solution is to solve the system semi-implicitly where convection 
and diffusion are implemented explicitly and the source term is linearized in time, 
resulting in equation 40. It can be observed that besides the concentration at new time 
step the diagonal  must be evaluated with the composition known at next time step 
to obtain conservation of elements in the balance. The interconnection between 
concentration profile and pre-concentration diagonal entries requires the system of 
equation to be solved iteratively.  

 
 

40 

 
The solver proposed is a Jacobi point iterative type method adapted to time dependent 
variable where the solution is iteratively determined till conservation of the system is 
obtained. The fundaments for this solver are described in the previous section. 
Transformation of the equation 40 leads to expression below. 

 
 41 

Where  are entries at old iteration values on an identity matrix,  is concentration 
vector at new iterative solution obtained by direct method,  contains convection and 
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diffusion element at previous time step, ϕ⃑⃑ 𝑡 is stable and accurate vector solution 

obtained at local time step and S⃑ ϕ
k+1 contains source terms evaluated at new time step. 

To reduce computation cost the source term is linearized in time derivative direction 

where the Jacobian matrix is evaluated at old time step. This ‘frozen Jacobian’ method 

is chosen as otherwise at each iteration the Jacobian matrix must be updated and is 

computationally expensive compared to the increased accuracy obtained. The system 

of equations are solved using a direct method, e.g. LU decomposition, to calculate the 

new guess solution. The accuracy of the new iteration is then compared with the 

previous iteration. If convergence is not obtained, then  new 𝐃𝑘 entries are calculated 

with new guess solution till convergence of the system is obtained. 

In equations 42-45 the solution route for PDE with multicomponent parameters is 

described to obtain stable solutions. The tolerance level is determined by order of 

accuracy desired due to the propagation of error with indirect methods. 

 

The numerical accuracy of the solution is dependent on the eigenvectors of the matrix 

used to compute the next iterative solution. Comparing the diagonal entries of 

continuity and energy equation, the energy entries are magnitude of order larger than 

the entries of the continuity equations. This results in unstable computation of the 

inverse of the matrix. To solve this numerical phenomenon, the continuity and energy 

equations are decoupled and solved separately. To ensure the accuracy of these 

solutions a total convergence tolerance parameter is introduced, effectively comparing 

the total updated iterative solution with the previous solution for both continuity and 

energy equations. The computational route and decoupling of equations is presented 

in Figure 8b. The solution of the algebraic equations does not directly take into account 

the numerical limitations and the physical representation of the system. To accurately 

model the concentration profile of steady state and dynamic systems model criteria are 

formulated in the next section. 

  

 S⃑ ϕ
k+1 = S⃑ ϕ

t + 𝐉ϕ
t [ϕ⃑⃑ k+1 − ϕ⃑⃑ t] 42 

 𝐃kϕ⃑⃑ k+1 − 𝐃tϕ⃑⃑ t

∆t
= 𝐅t ∙ ϕ⃑⃑ t + S⃑ ϕ

t + 𝐉ϕ
t [ϕ⃑⃑ k+1 − ϕ⃑⃑ t] 43 

 ϕ⃑⃑ k+1 = [𝐃k − 𝐉ϕ
t ∆t]

𝑖𝑛𝑣
∙ [(𝐃t + 𝐅t∆𝑡 − 𝐉ϕ

t ∆𝑡) ∙ ϕ⃑⃑ t + S⃑ ϕ
t ∆t] 44 

   

 
ϕ⃑⃑ = {

𝜖𝑡𝑜𝑙 ≥ 𝐿∞(∆ϕ) ϕ⃑⃑ n+1 = ϕ⃑⃑ k

𝜖𝑡𝑜𝑙 < 𝐿∞(∆ϕ) ϕ⃑⃑ k+1 = αϕ⃑⃑ k + (1 − 𝛼)ϕ⃑⃑ k−1
 45 
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4 Solution criteria 
The model solvers do not take into account the physical representation of the system. 

The formulated criteria in this section are designed to  increase stability and/or 

accuracy of the system.  

4.1 Model verification 
First criterion is the model verification. The model consist of convection, diffusion and 

source terms. To check if the parameters are implemented correctly and the solver 

calculates the solutions constructively, a simplified system is selected to compare the 

model results with an analytical solution. A numerical phenomena that occurs with 

implementation of convection terms in dynamic models is numerical diffusion. To 

reduce this phenomena, flux limiter functions are developed. The convection and 

diffusion terms are verified in Appendix H. For the implementation of the source terms 

and the source term linearization, a batch reactor is simulated with variable kinetic 

expressions. These results are presented in Appendix I. 

4.2 Grid refinement 
For systems with highly non-linear behaviour, more detail is required at those points 

with large gradients to accurately represent the concentration profile. To capture the 

effect of large gradient in the reactor, a power grid refinement is developed. The grid is 

reformed from equal spaced grid length to a power law type dependent grid size. The 

grid is more refined at the inlet of the reactor to capture the composition change and 

the membranes are located at the bottom of the reactor. The formula used is presented 

in equation 46 and the effect of the power on the grid refinement is presented in Figure 

9. 

 𝑎𝑔𝑟𝑖𝑑 =
𝐿𝑅

𝑁𝑧
𝑛𝑔𝑟𝑖𝑑

 ;  𝑧 = 𝑎𝑔𝑟𝑖𝑑 ∙ 𝑖𝑛𝑔𝑟𝑖𝑑   46 

 

 
Figure 9: Effect of power selection on the grid cell size and location in reactor 
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4.3 Time step adaption 
The proper selection of a time step in a dynamic model has a major impact on the 

computation time. Compared to the ideal time step size, a too small step size leads to 

more computations required for the same time interval and a too large result in non-

accurate solutions. For this analysis a two-level time step-doubling method is used to 

check if the proposed time step results in accurate and stable solutions [25]. The 

solution of single time step is compared to solution using two times half time step using 

norm function defined in equation 47 . If the solution is within the accuracy tolerance, 

the solution is stable and accurate. If not the process is repeated with reduction of the 

time step till an accurate solution is found. 

 
∆𝑡 =  {

0.5 ∙ ∆𝑡 휀𝑡𝑜𝑙 < 𝐿∞,𝑎𝑐𝑐|∆ϕ| 

∆𝑡 휀𝑡𝑜𝑙 > 𝐿∞,𝑎𝑐𝑐|∆ϕ|
;∆ϕ = ϕt+∆t − ϕt+

2∆t
2  47 

 

To increase the dynamic system solution rate, a time step doubling is proposed after 

each successful (accurate and stable) update to test if a larger time step results in 

maintaining an accurate representation of the system. The time step doubling effect is 

limited by the properties of the system, resulting in a maximum time step to prevent 

passing cell influences. The maximum time step is dictated by the grid cell size and 

convection, diffusion and source term properties of the system. The formula is dictated 

in equation 49. If individual elements are zero, then the term considering source term 

contributions is not taken into account in the evaluation. 

 
∆𝑡𝑚𝑎𝑥 =

1

휀𝛹|𝑢|
∆𝑧

+
휀𝛹𝐷
∆𝑧2 + max {

|𝑆ϕ|

ϕn }

 
48 
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5 Experimental setup 
Experiments were conducted in a laboratory reactor designed and constructed for MA-

GSR applications. Figure 10 shows a schematic drawing of the experimental layout 

used in this work. In Appendix G an enlarged overview including symbol description 

is presented. 
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Figure 10: Schematic overview of MA-GSR experimental setup 

 

The reactor comprises of the reactor vessel, membrane modules and freeboard zone. 

The reactor vessel consists of a vertically mounted cylindrical reactor with a height of 

1.05 m and diameter of 0.10 m. 

 

The membrane module consist of four metallic supported membranes with length and 

diameter of 45.0 and 1.0 cm respectively, containing active membrane section between 

1.5 and 20.2 cm. The membrane contains a 4-5 μm Pd-Ag (Ag 7.0 wt%) membrane layer 

on Hastelloy X support. The module is suspended from the top of the reactor, 5.0 cm 

from the bottom, containing spacers for equal membrane distribution inside the 

reactor, with a square pitch of 3.5 cm. The membranes are connected to tubes installed 

with ball valves to controlling individual membrane permeation streams. The pipelines 

are connected to a collector connected to VWR diaphragm vacuum pump, VP 820 

operating at 8mbar. The gas flow  is directed through a Horibastec flowmeter (model 

F-110C-001 Nominal flow range: 0.2-10 Nml/min) for N2 permeance and (model F-
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110C-004 Nominal flow range: 0.2-2.0 NL/min) for H2 permeance. The outlet is 

connected to the vent. 

 

The freeboard section is truncated conical (with bottom, top diameters and length of 

0.10, 0.20 and 0.33 m, respectively) placed at the top of the reactor to prevent particle 

losses and add mechanical support to the membranes modules. A porous plate with 40 

micron pore size and 7 mm thickness placed at the bottom of the reactor was used as 

gas distributor. A tracing element (a heating band) was placed at the inlet of the reactor 

to prevent steam condensation and reduce the temperature gradient between inlet and 

reactor core temperature. Furthermore, 4 type K thermocouples are installed at 

respectively 0.05, 0.10, 0.30, 0.50 m above the distributor. In addition, the absolute 

pressure at the inlet (before the distributor) and exit of the reactor were measured 

continuously during the experiments in order to detect any unexpected loss of particles 

(caused by elutriation) and/or blockage of the pipe lines.  

 

Five mass flow controllers (Bronkhost BV) and a diaphragm metering pump 

(STEPDOS 03RC) with evaporator for steam generation are used to control the feed 

gases to the reactor. All the gas lines to the reactor are connected to a three-way electric 

valve which is mounted before the gas distributor to switch between the feed gases. 

Nitrogen, steam and reducing gases CH4, H2 are connected to the same pipe-line, while 

air is fed through a separate line to prevent any direct contact between fuel and air.  

 

A condenser was placed after the reactor to cool the stream of hot gases, transported 

to a flash drum where condensed steam is separated from the gas stream. The gas 

stream is split into a stream to the vent where a manual needle valve is installed as 

pressure regulator for the reactor, and a stream passed through a 40 micron filter to 

prevent infiltration of finer particles, created due to fragmentation/attrition of OC 

particles, from the reactor to the gas analyser. The gas outlet streams of the reactor 

were drawn to an online IR/TCD gas analyzer (s710 series from Sick-Maihak-AG) to 

measure the gas composition continuously, i.e. the mole fractions of CH4 [0 – 5.0%], 

CO2 [0 – 5.0 %], CO [0 -20%] and H2 [0 – 40%]. Dilution of the outlet gas stream with 

nitrogen fed through a separate line, connected before the condenser, was applied to 

reduce the molar fractions of the reactive gasses such that the composition is within 

the operational ranges of the analyser1. The amount of N2 supplied for dilution was 

controlled by a mass flow controller and the flow of diluted gas composition was also 

measured right before the gas analyser to recalculate the actual outlet gas 

concentration. 

 

In addition, the setup is equipped with an external electric heater (tube furnace), 

containing three heating zones (3 x 3.2 kW) with a maximum temperature range of 

                                                           
1 the maximum nitrogen dilution flow is limited by the construction of the flashdrum. At high dilution flowrates, 
condensate with particles are carried to the vent pipeline. Due to this restriction, the gas mixture passing through 
the gas analyser was out of range for several experiments, resulting in not accurate readings for some individual 
components. 
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1000 °C (from ELICRA). Each of the three heating zones can be controlled 

independently, which allows local control of heat supply to the selected regions along 

the reactor length. Insulation with 0.16 m thickness is placed on the outer-side of the 

reactor and heater to reduce external heat loss to the surrounding. To prevent pressure 

build-up in the reactor, a pressure relief valve is installed.  

6 Results 
This study focusses on the modelling of the MA-GSR reactor and the effect of operation 

parameters on the reactor performance, presented in section 1.3. To achieve this goal, 

the model must represent the hydrodynamics and mass transfer between fluid and 

solid accurately.  

The results of this project are presented in 2 sections. The first section evaluates the 

steady state results of both experiments & modelling of continues system. In this 

section the membrane properties are analysed and the model predictions are validated 

with the experiments conducted using the lab scale setup. The second section contains 

the dynamic modelling and a parametric study. To narrow down the objective goal, the 

effect of one significant operation parameter on the performance is investigated 

thoroughly. A major parameter affecting the reactor operation conditions is the 

utilization of the oxygen carrier in the reactor.  

6.1 Steady state analysis 

6.1.1 Pd-Ag membrane characterization 

For the modelling of membrane assisted reactors, the membrane properties and 

separation mechanism must be available in literature or experimentally determined. 

In this study four Pd-Ag alloy membranes on metallic supported are used for the 

separation of hydrogen from the gas mixture in the reactor. These membranes are 

produced using same production method and ideally have equal performance 

properties. The membranes are tested at temperature range between 400 and 525 °C 

and gas pressure difference up to 2.0 bar. The membrane is characterized by activation 

energy of metallic layer, Arrhenius type permeance constant, driving force expression 

and compound selectivity. 

The benchmark for membrane selectivity study is comparing hydrogen permeance 

with nitrogen permeance. For each compound permeance test, the reactor containing 

the membrane module (without particles) is pressurized with H2 or N2 respectively and 

operated at high flowrate to prevent bulk-to-wall mass transfer limitations. At variable 

pressure and temperature the gas permeance is determined using a flow meter. 

Furthermore the assumption of equal membrane properties is tested by comparing 

individual membrane permeance at same conditions.  

To determine the membrane property parameters equation 18 is rewritten and 

substitute 19 to result a linear expression where: 

 
ln(𝐴) =

𝐵

𝑇𝑅
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𝐴 = ln(
𝑄𝑣"

𝑄𝑣,0"[𝑝𝑅
𝑛 − 𝑝𝑟𝑒𝑡

𝑛 ]
) ;  𝐵 =  −

𝐸𝑎

𝑅
 

 

From experimental results the slope and intersection point can be determined, with 

which the activation energy and permeance parameter can be calculated. In Figure 11a 

the membrane permeance is plotted against the reciprocal reactor temperature. The 

data can be described using a linear correlation, as expected from equation 49. The 

fitted parameters for activation energy and standardized permeance coefficient are: 

𝐴 = 2.92 [−];𝐵 =  −742.1 [𝐾−1]  

 
𝑃𝑘,0 = 𝑄𝑣,0

𝑝𝑅

𝑅𝑇𝑅

𝛿𝑚𝑒𝑚

𝐴𝑚𝑒𝑚
 [

𝑚𝑜𝑙

𝑃𝑎𝑛 ∙ 𝑚 ∙ 𝑠
] 50 

 

In Figure 11b the membrane permeance is plotted against the driving force over the 

membrane at different temperatures. From this plot it can be concluded that the power 

factor is not dependent of temperature, as the slope is constant at variable reactor 

temperature.  

Table 4: Experimental data membrane and comparison with literature references. 

Variable Experimental work Literature I 

[26] 

Literature II 

[27] 

Dimension 

𝑄𝑣,0 0.194 ∙ 10−3    
[
𝑚𝐻2

3

𝑚𝑖𝑛
] 

𝑃0,𝐻2 1.81 ∙ 10−8  2.44 ∙ 10−8 1.01 ∙ 10−8  
[

𝑚𝑜𝑙𝐻2

𝑃𝑎𝑛 ∙ 𝑚 ∙ 𝑠
] 

𝑛𝑚𝑒𝑚 0.757 0.5 0.5 − 

𝐸𝑎 6.17  5.8 
[

𝑘𝐽

𝑚𝑜𝑙 ∙ 𝐾
] 

𝑅𝑚𝑜𝑑
2  0.97  0.997 − 

 

The results are compared with experimental data from literature with comparable 

membrane Pd-Ag metallic supported membrane fabrication methods [26][27]. From 

Table 4 it can be observed that the experimental results are in same order of magnitude. 

The characteristics of the membrane are implemented in the MA-GSR model. The 

permeance of individual membranes are presented in Appendix J. Results shows that 

the fabrication conditions are  not well controlled, causing the individual membranes 

performance in the MA-GSR reactor to deviate from each other, up to 30%. Using 

equation 27 the H2/N2 benchmark membrane selectivity is determined, as plotted in 

Figure 12. It can be observed that for the first 216 hours of operation, the average ideal 

membrane selectivity was higher than 104(>99,99%), which satisfy requirements for 

fuel cell application. These obtained parameters are implemented in the MA-GSR 

model. 
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6.1.2 Steady state experiments 

The objective of this study is to analyse the effect of S/C ratio, temperature,  pressure 

and gas velocity on the performance parameters of the lab scale setup at steam 

methane reforming conditions. This includes the performance of membrane assisted 

steam methane reforming (MA-SMR) comparison with membrane inactive steam 

methane reforming (SMR) reactor operation. To obtain isothermal conditions for 

continues operation, external heat is supplied by heat coils to compensate for external 

heat loss and endothermic reactions. 

    

 
(a) (b) 

Figure 11: Membrane characteristics: (a) Activation energy of Pd-Ag membranes operated in MA-GSR 

reactor, experiments conducted in empty bed with hydrogen feed at 1.6 bar (b) pressure exponent at 

different temperatures and pressure difference over membrane. 
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Figure 12: Averaged ideal perm-selectivity (H2/N2) of  Pd-Ag membranes at different temperatures 

 

The S/C ratio is evaluated in the range of 3.0 – 5.0, to prevent irreversible carbon 

formation and industrial reactors desire high conversion while taking into account the 

cost of heat exchange equipment required for steam production and condensation. The 

temperature range is dictated by the presence of the Pd-Ag membranes. To maintain 

thermal and chemical stability of the membranes, the reactor is not operated above 

525°C. The effect of gas pressure is evaluated up to 1.0 baro and gas removal from the 

permeate side is performed by a vacuum pump rather than a sweep gas. 

The particles used in the experiments have average particle diameter of 149.6 𝜇𝑚 and 

a density of 1950 𝑘𝑔/𝑚𝑝
3. This classifies the particles as Geldart B type at experimental 

temperature and pressure conditions. The particle consists of NiO distributed on the 

porous 𝛾 − 𝐴𝑙2𝑂3 acting as support material with a porosity of 0.7 𝑚𝑔
3/𝑚𝑝

3 and a load of 

0.37 𝑘𝑔𝑁𝑖𝑂/𝑘𝑔𝑝. At the beginning of the experiments the reactor is filled with 2.0 kg 

material and is fully reduced in a continues stream of H2 at 400 °C for 4 hours till no 

steam production is detected. 

At the start of each experiment the reactor is filled and flushed with N2. The gas inlet 

is switched from N2 to reforming gas composition at equal flowrate, generating a 

transient to steady state profile for the SMR operation. When steady state profile is 

obtained, the valves controlling the permeate stream of the membranes are opened till 

the steady state profile for MA-SMR is obtained.  

6.1.3 Reactor performance at SMR and MA-SMR operation 

The goal is to compare the reactor performance with and without hydrogen extraction 

to the methane equilibrium conversion (at inlet composition). In Figure 13 the 

methane conversion is plotted against the nitrogen dilution rate. The methane 

conversion is compared with the thermodynamic equilibrium conversion, presented as 
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solid lines. The inlet methane flowrate is limited by the gas analyser range and the 

possible nitrogen dilution flowrate.  

It can be observed from the results presented in Figure 13 that an increase of S/C ratio 

and use of Pd-Ag membranes results in an increase of methane conversion. This can 

be explained by the shift of thermodynamic equilibrium resulting in increased driving 

force in the reaction rate by removal of hydrogen or higher concentration of steam.  

In figure 13 the hydrogen recovery fraction is plotted against the flowrate, expressed in 

added nitrogen flowrate, at different temperature and pressure operational conditions. 

From figure 13 it is observed that the increase in temperature and pressure have 

positive effects, whereas increased flow with nitrogen dilution results in negative 

influence on the hydrogen recovery fraction. At higher temperatures the permeance 

increases, as expected from equation 19, whereas increase in pressure result in higher 

driving force over the membrane; both effects result in increased hydrogen flux. The 

increase of flowrate with nitrogen dilutes the stream resulting in lower partial pressure 

combined with lower residence time of the gas stream to react. It is important to notice 

that the conversion of methane calculated is far from equilibrium composition.    
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Figure 14: Hydrogen recovery fraction MA-SMR experiments at isothermal operation. (●) 1.0 bar 

reactor pressure, (○) 1.6 bar reactor pressure at S/C = 3.0, and zero nitrogen dilution Qv,tot =

10 nL/min. 

 

Figure 13: Comparison methane conversion experiments with equilibrium conversion at 500 °C 

conducted at variable S/C ratios, with and without H2 extraction using membrane module. Inlet flow 

is constant over the S/C ratios at Qv,CH4+H2O = 10 nL/min. Total flow in the reactor is defined as 

Qv,tot = Qv,CH4+H2O + Qv,N2. 
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6.1.4 Model parameters steady state operation and validation 

The objective of this section is the validation of the 1D phenomenological model with 

the SMR and MA-SMR experiments. The model predictions are compared with 

experimental data in parity plots using the performance parameters defined in section 

1.3.4. This comparisons relates to the investigation if the correlations concerning 

hydrodynamics, mass transfer rates and reactions rates are representing the conditions 

in the experimental setup accurately.   

The reactor length is discretized in 100 grid cells. To capture the highly non-linear 

behavour at the inlet of the reactor due to reactions and the membranes,located at the 

bottom, the grid is refined using an 2nd order discretizaiton scheme for the length of 

the reactor. For the REF reactions the Numaguchi & Kikuchi kinetics are selected as 

Xu & Froment analysis is conducted at high pressure operation and Huge & Hou 

analysis is conduct at higher S/C ratios. The convergence value is set at 𝜖𝑡𝑜𝑙 = 10−8. 

The model is solved using steady state solver and a concentration profile is presented 

for a single SMR and MA-SMR case in Figure 15. 

 

(a) (b) 

Figure 15: concentration profile SMR and MA-SMR continues operation at isothermal conditions, S/C 

ratio of 3.0, TR = 500 °C, pR = 1.6 bar, u0/umf = 1.8. Evaluated with Nz = 100 grid cells using 2nd order 

grid cell refinement. (a) SMR with internals (b) MA-SMR with active membrane present between 

dotted lines. 
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Figure 16: Parity plot  SMR operational conditions at isothermal conditions 

 

         
(a) (b) 

Figure 17: Parity plot MA-SMR operational conditions at isothermal conditions:(a) methane 

conversion, (b) Hydrogen recovery factor. 

In figure 15 the methane conversion from experiments are compared to the model 

prediction. The experiments are conducted within a maximum deviation of  15°C from 

target temperature. In figure 16 the methane conversion and hydrogen recovery 

fraction from experiments are compared with model predictions at membrane assisted 

steam methane reforming (MA-SMR) operational conditions, same as experiments 

plotted in figure 15. It can be observed that at low tempertures (400°C) the model 

predicts the experimental results quite accurately whereas at high temperatures the 

conversion and hydrogen recovery fraction is significantly overpredicted. At low 

temperatures the system is kintetically limited, thus mass transfer effect must play 
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important factor in overprediction of reactor performance in the model. Three effects 

are involved in the mass transfer from the bubble to the catalytic surface; bubble-to-

emulsion, bulk to particle interface and internal diffusion. The small size of the 

particles result in high surface area for fluid-to-solid mass transfer and small diffusive 

length in the particle causing high catalyst efficiency. By elimination of variables it can 

be concluded that the hydrodynamic and/or mass transfer correlations involving 

bubble-to-emulsion parameters are not well representing the complexity of the system. 

The most accurate explaination is the presence of the internals lead to a path of lower 

resistance through the fluidized bed (channeling). This effect results in a decrease of 

contact time and a reduced contact area between bubble and emulsion phase.  

6.2 Dynamic modeling of GSR and MA-GSR reactor 
The model assumptions and correlations adapted in the model are not sufficient 

enough to capture the hydrodynamics and concentration profile in the reactor. In the 

dynamic model the hydrodynamic interaction between solid and fluid phases are 

removed. The model is further reduced to a simplified CSTR model. It must be 

emphasized that the oversimplified dynamic model results obtained are just an 

indication of the system perfomance and extensive conclussions based on these results 

must be avoided.  

The dynamic solver is used to solve the decoupled mass and energy equations 

itteratively. The tolerance level is set at 10−9 and 10−2 as convergence criterion for 

mass and energy balances and accuracy criterion respecitively. To reduce the 

computation time while constrained by solution accuracy, the time step addaption 

scheme is implemented. For the OX and RED reactions, the kintic expressions by 

Medrano and Hamers are selected as these are conducted at the desired temperature 

range for MA-GSR operation with Pd-Ag membranes. 

Two studies are conducted to estimate the effect of oxygen carrier utilization on the 

performance of the reactor. The first study compares the effect of the 2-stage cycle to 

the 3-stage cycle. In the 2 stage cycle, the pre-reduction of the oxygen carrier was not 

performed  while in the 3 stage a pre-reduction with hydrogen was carried out  to 

sufficiently reduce the oxygen carrier before steam and methane are fed. In the second 

study the performance of the reactor is evaluated at variable oxygen carrier utilization 

at GSR and MA-GSR operational conditions. The utilization of oxygen carrier is 

expressed in the degree of oxidation (DOX), which can be calculated with equation 51. 

 

 
𝐷𝑂𝑋 =

𝜌𝑁𝑖𝑂/𝑀𝑤,𝑁𝑖𝑂

(
𝜌𝑁𝑖𝑂

𝑀𝑤,𝑁𝑖𝑂
+

𝜌𝑁𝑖

𝑀𝑤,𝑁𝑖
)

 
[−] 51 

 

For industrial design of this process multiple GSR reactors are operated in parralel at 

different stages of the cycle. To achieve semi-continues production of hydrogen from 

the cluster of GSR reactors the ideal ratio between stages must be determined. This 
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ratio is achieved by comparing the operation time per stage and is standarized with the 

OX stage operational time. 

6.2.1 2-stage vs. 3-stage cycle comparison 

The 3-stage GSR cycle consists of OX-RED-REF stages and the 2-stage cycle consists 

of OX-REF stages with purge stages inbetween to prevent oxidative and reductive 

gasses to mix.  

In both studies the reactor is intialized at 400 °C at 1 bar operated containing 2.0 kg 

𝑁𝑖 − 𝐴𝑙2𝑂3 with same properties as decribed in the experimental results, operated at 

inlet gas velocity of 0.05 𝑚/𝑠 at comparable conditions as SMR and MA-SMR steady 

state reactor operation. In the first stage, oxidation stage (OX), the oxygen carrier is 

oxidized to metal oxide using air containing 79% N2 and 21% O2, producing energy in 

the process and stores this energy in the particles with high specific heat capacity. To 

prevent fuel-oxygen mixing, a purge stage is introduced using nitrogen to remove 

unreacted oxygen in the reactor. When the 3-stage cycle is operated, the oxygen carrier 

is reduced in the reduction stage (RED) with hydrogen (and unreacted CO in industrial 

applications) to activate the catalyst. When the minimum activation of catalyst 

material is obtained the inlet gas composition is switched to steam and methane with 

S/C of 3.0 in the reforming stage (REF). In the 2-stage cycle the reaction of methane, 

catalyzed by the low oxidative state of the OC, produces the reforming products. These 

reforming products are highly more reactive than methane with the oxidized OC, 

reducing the OC to the low oxidative state. The final stage consist of another purge 

stage when the system reaches autothermal conditions. The switch conditions are 

stated in Table 5. 

Table 5: Switch conditions for GSR and MA-GSR process evaluation 

Stage Switch condition Inlet composition 

OX DOX ≥ target yN2   = 0.79 yO2  = 0.21 

Purge I yO2 ≤ 10−3 yN2   = 1.0  

RED DOX ≤ 0.05 yH2   = 1.0  

REF TR ≤ Tin yCH4 = 0.25 yH2O = 0.75 

Purge II yCH4 ≤ 10−3 yN2   = 1.0  

 

In Figure 18 and Figure 19 the transient profile for gas concentration, temperature and 

degree of oxidation for the 2-stage and 3-stage cycle are plotted for 5 continues cycles. 

The performance parameters for variable oxygen carrier utilization for 2-stage and 3-

stage cycle are presented in tables 6 & 7.  
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Figure 18: concentration profiles GSR reactor with target oxygen carrier utilization of 50% 

simulated for 5 OX-REF cycles with intermediate purge stages preventing oxygen-fuel mixing.           

I = oxidation stage, IV reforming stage. 

 

 
Figure 19: concentration profiles GSR reactor with target oxygen carrier utilization of 50% simulated 

for 5 OX-RED-REF cycles with intermediate purge stages preventing oxygen-fuel mixing. I = oxidation 

stage, III  = reduction stage, IV = reforming stage 
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Table 6: Results 2-stage GSR cycle at variable oxygen carrier utilization. 

𝐷𝑂𝑋 𝑡𝑐𝑦𝑐𝑙𝑒 

𝑂𝑋 ∶ 𝑅𝐸𝐹 

𝑇𝑅,𝑚𝑎𝑥 �̂�𝑁2 �̂�𝐶𝐻4 𝑆𝐶𝑂2/𝐶𝑂 �̂�𝐶𝐻4,𝑅 �̂�𝐻2,𝑅 𝐻/𝐶 

[−] [𝑚𝑖𝑛] [°𝐶] [%] [−] [−] [𝑚𝑜𝑙/𝑠]

∙ 10−4 

[𝑚𝑜𝑙/𝑠]

∙ 10−3 

[−] 

0.2  − − − − − − − − − 

0.3 87.9 1.0 ∶  7.1 499.6 0.64 0.18 0.71 6.6 1.8 2.77 

0.4 105.7 1.0 ∶  5.8 529.9 0.53 0.21 0.74 7.7 2.1 2.75 

0.5 119.3 1.0 ∶  5.0 558.9 0.47 0.24 0.76 8.6 2.4 2.75 

0.6 130.9 1.0 ∶  4.4 587.0 0.43 0.27 0.77 9.3 2.5 2.74 

0.8 150.8 1.0 ∶  3.6 641.3 0.38 0.31 0.75 10.0 2.8 2.69 

 

Table 7: Results of 3-stage GSR cycle at variable oxygen carrier utilization.  

𝐷𝑂𝑋 𝑡𝑐𝑦𝑐𝑙𝑒 

𝑂𝑋:𝑅𝐸𝐷:𝑅𝐸𝐹 

𝑇𝑅,𝑚𝑎𝑥 �̂�𝑁2 �̂�𝐶𝐻4 𝑆𝐶𝑂2/𝐶𝑂 �̂�𝐶𝐻4,𝑅 �̂�𝐻2,𝑅 𝐻/𝐶 

[−] [𝑚𝑖𝑛] [°𝐶] [%] [−] [−] [𝑚𝑜𝑙/𝑠]

∙ 10−4 

[𝑚𝑜𝑙/𝑠]

∙ 10−3 

[−] 

0.2 82.7 1 ∶ 1.6 ∶ 9.3 480.2 0.68 0.14 0.69 4.5 1.2 2.68 

0.3 100.2 1 ∶ 0.5 ∶ 7.1 521.8 0.56 0.17 0.71 5.8 1.6 2.68 

0.4 115.7 1 ∶ 0.4 ∶ 5.9 561.7 0.49 0.20 0.72 6.9 1.9 2.74 

0.5 129.1 1 ∶ 0.4 ∶ 5.0 600.8 0.44 0.23 0.70 7.7 2.0 2.61 

0.6 141.0 1 ∶ 0.4 ∶ 4.5 639.2 0.40 0.25 0.67 8.3 2.1 2.54 

0.8 162.1 1 ∶ 0.4 ∶ 3.6 713.4 0.35 0.30 0.61 9.3 2.3 2.48 

 

Operation at 20% oxygen carrier utilization in 2-stage process is not stable, as the gas 

solid reactions are kinetically limited at low temperatures. Therfor the oxygen carrier 

is not reduced enough for the next cycles to occur. Comparing the results, the 2-stage 

reactor outperformes the 3-stage process in lower temperature rise, higher methane 

conversion and higher desired CO2 product, higher methane consumption rate and 

larger hydrogen-to-methane ratio. From industrial point of view the downside of this 

construction is the mixing of fuel gases with nitrogen at the first switch, where RED 

operation reacts with all OC material to steam which is easily seperated by 

condensation from the nitrogen. Depending on target nitrogen concentration, the 2-

stage process is perferred above the 3-stage process. 

6.2.2 Performance comparison GSR & MA-GSR at 3-stage operation 

The objective of this study is to determine the effect of membrane assisted operation 

compared to standard GSR cycle. The membrane is activated in the REF stage of the 

process, extracting hydrogen from the reactive mixture. In  

Table 8 the performance parameters at variable oxygen carrier utilization at MA-GSR 

operation is presented. The concentration and temperature profile for MA-GSR 

operation is presented in Figure 20, performed at equal conditions as GSR 3-stage 

performance analysis. 
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Figure 20: concentration profiles MA-GSR reactor with target oxygen carrier utilization of 50% 

simulated for 5 OX-RED-REF cycles with intermediate purge stages. I = oxidation stage, III = reduction 

stage, IV = reforming stage 

 

Table 8: Results 3-stage MA-GSR cycle at variable oxygen carrier utilization.  

𝐷𝑂𝑋 𝑡𝑐𝑦𝑐𝑙𝑒 

𝑂𝑋:𝑅𝐸𝐷:𝑅𝐸𝐹 

𝑇𝑅,𝑚𝑎𝑥 �̂�𝑁2 �̂�𝐶𝐻4 𝑆𝐶𝑂2/𝐶𝑂 �̂�𝐶𝐻4,𝑅 �̂�𝐻2,𝑅 �̂�𝐻2,𝑚𝑒𝑚 𝐻/𝐶 

[−] [𝑚𝑖𝑛] [°𝐶] [%] [−] [−] [𝑚𝑜𝑙/𝑠]

∙ 10−3 

[𝑚𝑜𝑙/𝑠]

∙ 10−3 

[𝑚𝑜𝑙/𝑠]

∙ 10−3 

[−] 

0.2 43.9 1.0 ∶ 2.8 ∶ 3.6 481.4 1.38 0.38 0.73 0.74 −2.3 4.4 2.72 

0.3 46.1 1.0 ∶ 1.0 ∶ 2.9 522.8 1.54 0.47 0.78 1.1 −2.5 5.5 2.70 

0.4 52.4 1.0 ∶ 0.7 ∶ 2.5 562.5 1.47 0.54 0.81 1.3 −2.7 6.1 2.64 

0.5 58.9 1.0 ∶ 0.7 ∶ 2.3 601.0 1.38 0.56 0.82 1.3 −2.9 6.4 2.57 

0.6 67.3 1.0 ∶ 0.7 ∶ 1.7 638.9 1.28 0.63 0.84 1.4 −3.0 6.6 2.55 

 

The results of GSR are compared to MA-GSR reactor to observe the effect of membrane 

assisted operation. The maximum temperature of GSR and MA-GSR are equal as the 

OX and RED stage are operated at same operation conditions, dominated by oxidation 

and reduction heat of reactions. MA-GSR operation result in higher methane 

conversion, methane consumption rate and nett higher hydrogen production. The 

main advantage is the majority of the hydrogen produced is obtained by membrane 

separation, resulting in high purity product stream. The disadvantage of the MA-GSR 

compared to GSR is the operation temperature limitations when Pd-Ag membranes 

are installed. The maximum oxygen utilization for stable membrane operation is 31% 

if a maximum reactor temperature of 525°C is allowed; whereas temperature 

limitations in GSR operation is only limited by external equipment and reactor 

construction material.  

  

 I       III            IV                  I      III           IV               I     III            IV              I      III          IV                I     III           IV  
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Conclusion & discussion  
The objective of this project is to develop a 1D phenomenological model for the 

dynamic operation of the MA-GSR process, in order to understand the behaviour of 

the system and to provide a quick tool for industrial design of hydrogen production. To 

compare the results of MA-GSR model with other steam methane reformer reactor 

configurations, performance parameters are formulated. These include feedstock 

conversion, consumption rate at equal reactor volume, product selectivity and 

hydrogen-to-methane conversion. For membrane operated systems the hydrogen 

perm selectivity and hydrogen recovery fraction are important parameters. The 

advantages of the MA-GSR concept is (ideally) the physical separation between fuel 

and nitrogen streams and the integrated heat management for the endothermic 

reforming reactions. Due to the dynamic operation of MA-GSR, gas back mixing of 

nitrogen with fuel outlet gas stream is an undesired effect. Depending on the plant 

specifications the nitrogen content in gas stream cannot exceed a certain desired value. 

A 1D model to solve the steady state and dynamic operation of a MA-GSR reactor at 

bubbling fluidization regime is developed. The solvers use a Jacobi iterative method 

with successive over relaxation. This method is used to solve the uncoupled algebraic 

equations for mass and heat balances. To reduce the computation time and increase 

accuracy of the reactor concentration profiles higher order flux limiters, grid 

refinement and a time adaptive scheme are implemented. 

The Pd-Ag membranes used in the experiments are characterized in the setup without 

particles at variable temperatures and pressures. The parameters obtained from the 

study are compared with literature and after verification implemented in the model. At 

low temperature range the experimental results are in agreement with the model 

predictions for both with and without hydrogen removal by the Pd-Ag integrated 

membrane module. At higher temperature the model significantly overpredicts the 

experimental results. The correlations used to describe the hydrodynamics between 

bubble and solid containing phases do not capture the effect of internals on the 

behaviour of bubble formation and rise through the fluidized bed in the setup 

(channelling).  

For the modelling of the switch concept of the MA-GSR reactor it is decided to remove 

the hydrodynamic interaction between gas and solid phases for the analysis as steady 

state results show large deviation between experiments and model predictions. This 

simplification results in the simulation of a CSTR type reactor with a gas switch 

operation. In this project two studies are conducted to estimate the effect of oxygen 

carrier utilization on the performance of the reactor.  

The first study compares the effect of 2-stage GSR cycle with 3-stage GSR cycle. The 

difference between the 2-stage cycle and the 3-stage cycle is the pre-treatment with 

hydrogen to reduce the oxygen carrier. From the results it is observed that at oxygen 

carrier utilization up to 80% the production of reductive gasses by catalyst, which did 

not undergo oxidation, is sufficient enough to reduce the oxygen carrier without 

requirement of a RED stage. The 2-stage cycle results in a nett higher hydrogen 
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production rate and a higher methane conversion. The disadvantage of 2-stage cycle is 

the mixing of nitrogen from purge stage with steam-methane products. With 

introduction of RED stage the hydrogen is converted to steam and is easily seperated 

from nitrogen in the reactor by condensation.  

The second study investigates the effect of membranes on the performance parameters, 

comparing results from GSR and MA-GSR operation. MA-GSR operation result in 

higher hydrogen production and methane conversion compared to GSR operation. The 

nitrogen content at MA-GSR outlet gas is higher due to the shorter cycle time. The 

advantage is that the majority of the hydrogen is obtained by membrane separation 

from the reactor mixture. This results in a high purity product stream compared to the 

GSR operation. The disadvantage of the MA-GSR is the operation temperature 

limitations when Pd-Ag membranes are installed, whereas temperature limitations in 

GSR operation are limited by external equipment and reactor construction material. 

From this project it can be concluded that MA-GSR performance is highly dependent 

on the design parameters of the reactor and requires more fundamental understanding 

on the effect of (vertical) internals on the hydrodyamics and mass transfer effects.  

Recommendations 
Based on the results of this project the following recommendations are proposed to 

improving the model and/or performance of the reactor: 

- Development of discrete particle model (DPM) for particle-particle and particle-

wall interactions for reactors with integrated membrane module, resulting in 

correlations to  be implemented in the dynamic model. 

- Long term stability tests of Pd-Ag membranes for industrial hydrogen 

production using MA-GSR construction. 

- Implementation and validation of shrinking core model for oxidation and 

reduction reactions of oxygen carrier material. 

- Use of separate oxygen carrier material and catalytic compounds on particles to 

generate reforming gasses to reduce the OC material at high oxygen carrier 

utilization. 
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Appendix A Governing reactions 

Governing reactions in GSR cycle using Nickel as oxygen carrier and catalyst  

 

Appendix B Carbon formation analysis 

At low S/C ratios, carbon formation is thermodynamically favoured. The formation of 

solid carbon on the catalytic surface is not favoured, as irreversible formation leads to 

surface coverage which induced reduction on catalytic activity due to blocked catalytic 

sites. To prevent stable carbon formation, thermodynamic analysis is performed to 

determine the minimum S/C ratio required to prevent this phenomena. Two 

independent equilibrium reactions lead to carbon formation, methane decomposition 

& Boudouard reaction (R9 & R11). The thermodynamic equilibria statements are 

defined as equation 17: 

 
𝐾9 =

𝑎𝐶,9𝑝𝐻2
2

𝑝𝐶𝐻4

; 𝐾11 =
𝑝𝐶𝑂

2

𝑎𝐶,11𝑝𝐶𝑂2

 52 

 

Where 𝑎𝐶 is the activity coefficient of carbon. The formation of carbon is highly 

pressure and  temperature dependent. To determine if carbon formation is 

thermodynamically favoured, the affinity towards carbon at gas equilibrium 

composition must be determined. Rewriting the equilibrium statement: 

 
𝛼9 =

𝐾9𝑝𝐶𝐻4

𝑝𝐻2
2 ;  𝛼11 =

𝑝𝐶𝑂
2

𝐾11𝑝𝐶𝑂2
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# Reaction Reaction type Abbreviation Favoured 

temperature 

Favoured 

pressure 

Oxygen carrier oxidation 

[R01] 2𝑁𝑖 + 𝑂2       → 2𝑁𝑖𝑂 Oxidation nickel OX-OC High  High 

Oxygen carrier reduction 

[R02] 𝐶𝐻4 + 2𝑁𝑖𝑂 →    𝐶𝑂2 + 2𝐻2 + 2𝑁𝑖 methane oxidation I RED-CH4-I High High 

[R03] 𝐻2    +   𝑁𝑖𝑂 →    𝐻2𝑂             +   𝑁𝑖 hydrogen oxidation RED-H2 High High   

[R04] 𝐶𝑂   +   𝑁𝑖𝑂 →    𝐶𝑂2              +   𝑁𝑖 carbon-monoxide 

oxidation 

RED-CO High High 

[R05] 𝐶𝐻4  +   𝑁𝑖𝑂 →    𝐶𝑂 + 2𝐻2  +   𝑁𝑖 Methane oxidation II RED-CH4-II High High 

Catalytic reforming reactions 

[R06] 𝐶𝐻4 + 𝐻2𝑂  ↔ 𝐶𝑂 + 3𝐻2 Steam methane 

reforming  

REF-SMR High Low 

[R07] 𝐶𝑂 + 𝐻2𝑂    ↔ 𝐶𝑂2 + 𝐻2 Water gas shift  REF-WGS Low Independent 

[R08] 𝐶𝐻4 + 𝐶𝑂2   ↔ 2𝐶𝑂 + 2𝐻2 Dry reforming REF-DR High Low 

Carbon formation reactions 

[R09] 𝐶𝐻4                ↔ 𝐶 + 2𝐻2  Methane decomposition  CF-MD High Low 

[R10] 𝐶 + 𝐻2𝑂      ↔ 𝐶𝑂 + 𝐻2   Coal gasification CF-CG High Low 

[R11] 𝐶 + 𝐶𝑂2       ↔ 2𝐶𝑂 Reverse Boudouard 

reaction  

CF-RB High Low 
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Where 𝛼 is affinity factor of carbon formation. If 𝛼 ≥ 1, consumption of carbon is 

favoured whereas 0 < 𝛼 < 1, carbon production is favoured. Using these criteria, the 

carbon formation barrier can be determined for different S/C ratios at variable 

temperature and pressure range, presented in Figure 21. 

 

Figure 21: Thermodynamic analysis of carbon formation regimes at variable operation pressures, 

temperature and S/C ratios.  

*For systems operating at S/C ratios significantly higher than minimum S/C ratios, R9 

to R11 considering carbon formation and consumption are not taken into account in 

the modelling of the reactor 

Appendix C Equilibrium conversion analysis 

The conversion of hydrocarbon feedstock at moderate operation temperature and 

pressure is limited by thermodynamic equilibrium. To compare the experimental data 

of reactor performance with model predictions, equilibrium conversion of the system 

are calculated. The equilibrium conversion of the system is highly dependent on feed 

composition, which contains H2O and CH4 .Two independent reactions are 

contributors towards thermodynamic equilibrium: WGS & SMR are selected. In Figure 

22and Figure 23 the equilibrium conversion of methane and selectivity towards CO are 

plotted respectively. 
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Figure 22: equilibrium conversion of methane at variable S/C ratios & temperature of operation, 

evaluated at 1.0 bar gas pressure 

 

Figure 23: Equilibrium CO2 to CO selectivity at variable S/C  ratios & temperature of operation, 

evaluated at 1.0 bar gas pressure 
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Appendix D Mass & Heat balances 
Appendix D.1 Continuity equation 

Continuity balance gas compounds 

𝜕

𝜕𝑡
(𝛹𝑝ℎ휀𝑝ℎ𝐶𝑘) =  −

𝜕

𝜕𝑧
[𝑢𝑔𝛹𝑝ℎ휀𝑝ℎ𝐶𝑘 + 𝐷𝑎𝑥

𝜕𝐶𝑘

𝜕𝑧
] + 𝑆𝑘 54 

𝑆𝑘 = 𝛹𝑝ℎ휀𝑝ℎ ∑ 𝐾𝑝ℎ,𝑗(𝐶𝑘,𝑝ℎ − 𝐶𝑘,𝑗)

𝑁𝑝ℎ

𝑝ℎ=1
𝑝ℎ ≠𝑗

− 𝛹𝑝ℎ휀𝑝ℎ𝐴𝑚𝑒𝑚𝑃0,𝑘(𝑝𝑘,𝑅
𝑛 − 𝑝𝑘,𝑟𝑒𝑡

𝑛 )

+ ∑ 𝜗𝑘,𝑟𝑅𝑟

𝑅𝑛

𝑅=1
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Accumulation = mass flux by convection and  axial diffusion and source terms. The source terms include 

mass transfer between distinct phases, membrane permeance and reactions respectively. 

Continuity balance solid compounds  

 𝜕

𝜕𝑡
(𝛹𝑝ℎ𝜌𝑚) =  −

𝜕

𝜕𝑧
[𝑢𝑠𝛹𝑝ℎ𝜌𝑚] + 𝑆𝑚 56 

 

𝑆𝑚 = 𝛹𝑝ℎ ∑ 𝐾𝑠(𝜌𝑚,𝑝ℎ − 𝜌𝑚,𝑗)

𝑁𝑝ℎ

𝑝ℎ=1
𝑝ℎ ≠𝑗

+ 𝑀𝑤,𝑚 ∑ 𝜗𝑘,𝑟𝑟𝑟

𝑅𝑛

𝑅=1

 57 

Accumulation = mass flux by convection and source terms. The source terms include solid exchange 

between phases and gas-solid reactions respectively. 

Appendix D.2 Energy equation 

Energy balance gas + solid phase  

𝜕

𝜕𝑡
({𝐶𝑝𝐶𝑘

̅̅ ̅̅ ̅̅ + 𝐶𝑝𝜌𝑚
̅̅ ̅̅ ̅̅ ̅} 𝑇𝑅) = −

𝜕

𝜕𝑧
[{𝑢𝑔𝐶𝑝𝐶𝑘

̅̅ ̅̅ ̅̅ + 𝑢𝑠𝐶𝑝𝜌𝑚
̅̅ ̅̅ ̅̅ ̅}𝑇𝑅] + 𝑆𝐻 58 

𝑆𝐻 = −∑ 𝐶𝑝,𝑘𝛹𝑝ℎ휀𝑝ℎ𝐴𝑚𝑒𝑚𝑃0,𝑘(𝑝𝑘,𝑅
𝑛 − 𝑝𝑘,𝑟𝑒𝑡

𝑛 )

𝑁𝑘

𝑘=1

+ ∑ ∑ 𝜗𝑘,𝑟𝑅𝑟∆𝐻𝑟,𝑟𝑒𝑓

𝑅𝑛

𝑅=1

  59 

 

Accumulation = heat flux by convection, enthalpy change by  membrane permeance and heat of reaction 
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Appendix E Hydrodynamics parameters 
Appendix E.1 Bubble parameters 

Bubble diameter [28]    

[60 ≤  𝑑𝑝 ≤ 450 𝜇𝑚] 

[5 ∙ 10−3 ≤ 𝑢𝑚𝑓

≤ 0.2 𝑚/𝑠] 

𝑑𝑏𝑚 − 𝑑𝑏

𝑑𝑏 − 𝑑𝑏0
= exp (

−0.3𝑧

𝐷ℎ
) [−] 60 

Maximum bubble 

diameter 
   

 
𝑑𝑏𝑚 = max (𝑑ℎ, 0.65 [

𝜋

4
𝑑ℎ

2(𝑢𝑔0 − 𝑢𝑚𝑓)]
0.4

) [𝑚] 61 

    

Bubble diameter at 

porous plate inlet 
   

 
𝑑𝑏0 =

2.78 ∙ 10−2

𝑔
(𝑢𝑔0 − 𝑢𝑚𝑓)

2
 [𝑚] 62 

Bubble to hydraulic 

diameter ratio 
   

 
휁 =

𝑑𝑏

𝑑ℎ
 [−] 63 

Bubble rise velocity  [29]    

- Free bubble flow 

𝑢𝑏𝑟 = 

{
 
 

 
 0.71√𝑔𝑑𝑏 휁 < 1/8 

0.84√𝑔𝑑𝑏 exp(−1.49휁)
1

8
≤  휁 ≤ 0.6

 0.361√𝑔𝑑ℎ 휁 > 0.6

 [m/s] 

64 

- Flow with wall 

interaction 
65 

- Slug flow 66 

Bubble velocity in 

continues medium 

   

 𝑢𝑏 = 𝑢0 − 𝑢𝑚𝑓 + 𝑢𝑏𝑟 [m/s] 67 

 

Appendix E.2 Fluid phase closures 

Phase hold-up closure     

 𝛹𝐵 + 𝛹𝑊 + 𝛹𝑒 = 1 

 
[
𝑚𝑝ℎ

3

𝑚𝑅
3 ] 68 

Bubble phase hold-up [17]    

 
𝛹𝐵 =

𝑢𝑔0 − 𝑢𝑚𝑓

𝑢𝑏 − 𝑢𝑚𝑓
 [

𝑚𝐵
3

𝑚𝑅
3] 69 

Wake phase fraction [30]    

 
𝛹𝑊 = 0.15𝛹𝐵 [

𝑚𝑤
3

𝑚𝑅
3 ] 70 
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Appendix E.3 Gas and solid velocity correlations 

Superficial gas velocity 

[31] 

   

 
𝑢𝑔0 = 𝑢𝑔,𝑖𝑛

∑𝐶𝑘

∑𝐶𝑘,𝑖𝑛
(
𝑇𝑅

𝑇𝑖𝑛
) (

𝑝𝑖𝑛

𝑝𝑅
) [

𝑚

𝑠
] 71 

Gas velocity     

 𝑢𝑔0 = 𝑢𝑏(𝛹𝑏 + 휀𝑊𝛹𝑊) + 𝑢𝑒휀𝑒𝛹𝑒 [
𝑚

𝑠
] 72 

Solid velocity    

 𝑢𝑝 = 𝑢𝑏𝛹𝑊 + 𝑢𝑠𝛹𝑒 [
𝑚

𝑠
] 73 
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Appendix F Kinetics 
Appendix F.1 Reaction kinetics OX and RED reactions 

𝑘𝑟 = 𝐴0 ∙ exp (−
𝐸𝑎,𝑟

𝑅𝑇
) 

𝑑𝑋𝑅,𝑚,𝑘

𝑑𝑡
=

3𝐶𝑘
𝑛

𝑟0𝐶𝑠

1
𝑘

(1 − 𝑋𝑚)−
2
3 +

𝑟0
𝐷

(1 − 𝑋𝑚)−
1
3 −

𝑟0
𝐷

 

𝐷 = 𝐷0 exp (−
𝐸𝐷

𝑅𝑇
) exp(−𝑘𝑥𝑋𝑚) 

Table 9: reaction rate expressions OX and RED reactions 

 Medrano & Hamers 

[20] 

Deuso et al. 

[21] 

 Kinetic rate Kinetic rate A0 Ea,r 

[kJ/mol] 

Dimension  

R01 
1

𝑀𝑊,𝑁𝑖

𝑑𝑋1,𝑁𝑖,𝑂2

𝑑𝑡
 𝑘1𝑎0𝐶𝑂2

𝐶𝑁𝑖
0.7 8.4 ∙ 10−3 22.0 [

mol

kgNi ∙ s
] 

R02 0 𝑘2𝑎0𝐶𝐶𝐻4
𝐶𝑁𝑖𝐶𝑁𝑖𝑂 4.66 77.4 [

mol

kgNiO ∙ s
] 

R03 
1

𝑀𝑊,𝑁𝑖𝑂

𝑑𝑋3,𝑁𝑖𝑂,𝐻2

𝑑𝑡
 𝑘3𝐶𝐻2

𝐶𝑁𝑖𝑂 1.31 ∙ 10−4 26.4 [
mol

kgNiO ∙ s
] 

R04 
1

𝑀𝑊,𝑁𝑖𝑂

𝑑𝑋4,𝑁𝑖𝑂,𝐶𝑂

𝑑𝑡
 𝑘4𝐶𝐶𝑂𝐶𝑁𝑖𝑂 1.10 ∙ 10−4 26.5 [

mol

kgNiO ∙ s
] 

R05 0 𝑘5𝐶𝐶𝐻4
𝐶𝑁𝑖𝐶𝑁𝑖𝑂 4.18 ∙ 10−3 23.7 [

mol

kgNiO ∙ s
] 

 

Table 10: Derived kinetic parameters for 𝑁𝑖𝑂/𝐶𝑎𝐴𝑙2𝑂4 particles for  Medrano and Hamers kinetics. 

parameter Dimension 𝑂2 𝐻2 𝐶𝑂 

𝐶𝑠 [𝑚𝑜𝑙/𝑚3] 151.2 90.0 90.0 

𝑟0 [𝑚] 5.8 ∙ 10−7 3.13 ∙ 10−8 3.13 ∙ 10−8 

𝑘0 [𝑚/𝑠] 1.2 ∙ 10−3 9.0 ∙ 10−4 3.5 ∙ 10−3 

𝐸𝑎 [𝑘𝐽/𝑚𝑜𝑙] 7.0 30 45 

𝑛 [−] 0.9 0.6 0.65 

𝐷0 [𝑚2/𝑠] 1.0 1.7 ∙ 10−3 7.4 ∙ 106 

𝐸𝐷 [𝑘𝐽/𝑚𝑜𝑙] 0 150 300 

𝑘𝑥 [−] 0 5 15 
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Appendix F.2 Reaction kinetics REF reactions  

𝐾𝑎𝑑,𝑟,𝑘 = 𝐾𝑎𝑑,0,𝑘 exp (
∆𝐻𝑎𝑑,𝑘

𝑅𝑇
) 

NK Numaguchi & Kikuchi  [22] 

XF Xu & Froment [23] 

HH Hou & Huges [24] 

 

Table 11: Reaction rate expressions OX and RED reactions 

Reaction 

 

Kinetic rate 

[
𝑚𝑜𝑙

𝑘𝑔𝑁𝑖 ∙ 𝑠
] 

𝐴0 𝐸𝑎,𝑟 

[
𝑘𝐽

𝑚𝑜𝑙
] 

Source 

06a 
𝑘6

𝑝𝐶𝐻4
𝑝𝐻2𝑂 −

𝑝𝐻2

3 𝑝𝐶𝑂

𝐾𝑒𝑞,6

𝑝𝐻2𝑂
1.6  

2.62 ∙ 105 106.0 NK 

06b 𝑘6

𝑝𝐻2
2.5

𝑝𝐶𝐻4
𝑝𝐻2𝑂 −

𝑝𝐻2

3 𝑝𝐶𝑂

𝐾𝑒𝑞,6

𝐷𝐸𝑁2
 

2.62 ∙ 105 106.0 XF 

06c 
𝑘6

𝑝𝐶𝐻4
𝑝𝐻2𝑂

0.5

𝑝𝐻2
1.25 [1 − 

𝑝𝐻2

3 𝑝𝐶𝑂

𝐾𝑒𝑞,6𝑝𝐶𝐻4𝑝𝐻2𝑂
]

𝐷𝐸𝑁2
 

6.24 ∙ 106 209.0 HH 

07 
𝑘7𝑝𝐶𝑂2

𝑝𝐶𝐻4

1 + 𝐾𝑎𝑑,𝐶𝑂2𝑝𝐶𝑂2

 2.07 ∙ 10−1 9.92 HH 

08a 𝑘8

𝑝𝐶𝑂𝑝𝐻2𝑂 −
𝑝𝐻2

𝑝𝐶𝑂2

𝐾𝑒𝑞,8

𝑝𝐻2𝑂
 2.45 ∙ 102 54.5 NK 

08b 𝑘8

𝑝𝐻2

𝑝𝐶𝑂𝑝𝐻2𝑂 −
𝑝𝐻2

𝑝𝐶𝑂2

𝐾𝑒𝑞,8

𝐷𝐸𝑁2
 

2.45 ∙ 102 54.5 XF 

08c 
𝑘8

𝑝𝐶𝑂𝑝𝐻2𝑂
0.5

𝑝𝐻2
0.5 [1 −

𝑝𝐶𝑂2𝑝𝐻2 
𝐾𝑒𝑞,8𝑝𝐶𝑂𝑝𝐻2𝑂

]

𝐷𝐸𝑁2
 

3.8 ∙ 102 15.4 HH 

𝐷𝐸𝑁 = 1 + 𝐾𝑅,𝑎𝑑,𝐶𝑂𝑝𝐶𝑂 + 𝐾𝑅,𝑎𝑑,𝐻2𝑝𝐻2
𝑥 + 𝐾𝑅,𝑎𝑑,𝐻2𝑂

𝑝𝐻2𝑂

𝑝𝐻2
 ; 𝑥 = {

1.0 𝑁𝐾
0.5 𝐻𝐻

 

Table 12: Adsorption parameters gasses for catalytic reactions 

 Huges & Hou Numaguchi & Kikuchi 

Reaction 6 & 8 7 6 & 8 

compound ∆𝐻𝑎𝑑,𝑘 

[
𝑘𝐽

𝑚𝑜𝑙
] 

𝐾𝑎𝑑,0 ∆𝐻𝑎𝑑,𝑘 

[
𝑘𝐽

𝑚𝑜𝑙
] 

𝐾𝑎𝑑,0 ∆𝐻𝑎𝑑,𝑘 

[
𝑘𝐽

𝑚𝑜𝑙
] 

𝐾𝑎𝑑,0 

𝐻2𝑂 −15.9 9.25   −88.7 1.77 ∙ 105 

𝐻2 93.4 5.7 ∙ 10−9      82.9 6.12 ∙ 10−9 

𝐶𝑂 140 5.18 ∙ 10−11      70.7 8.23 ∙ 10−5 

𝐶𝑂2   77.5 2.4 ∙ 10−3
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Appendix G process flow diagram MA-GSR 

Air

N2

CH4

H2O

T

H2 P

P

P

P

T

T

GA

Vent

P
FM

Drain
Process
water

T

T

T

T

T

P

P

Condensate 
vessel

 

 

P Gas pressure regulator 
(manual)

Butterfly valve (open-close)

Needle valve

Massflow controller

3 way valve

P
Pressure sensor

Temperature sensor

Temperature regulator

External computer tracer

Control computer

Condensor

FM Permeate flow meter

Gas analyzer

Particle filter

Pd - membrane

Vacuüm pump  

Heat exchanger

Process equipment

Material flow
Process water

Measurement data
Command data
Thermal flow
Tracer

Flow characteristics Process control

Pressure relief valve

Isolation

Chemical

Material source/outlet

Instruments & sensors

T

GA

T
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Appendix H  Numerical diffusion analysis 

Numerical diffusion is affecting local concentration and concentration front resulting 

in false concentration profile compared to pure convection. The objective is to estimate 

the amount of discretized cells required to reduce numerical diffusion effects, resulting 

in non-significant contribution in the results obtained. The equations are normalized 

to compare numerical errors in dimensionless form. The effect of grid size, time step 

dependency and flux limiter implementation on the outlet composition is represented 

in Figure 25 and compared to analytical solution. The initial and boundary conditions 

for the model are presented in Table 13. 

Axial convection equation including numerical diffusion term 

 𝜕𝜙

𝜕𝑡
=  −

𝜕

𝜕𝑧
[𝑢𝜙 + Dnum

𝜕𝜙

𝜕𝑧
] 

74 

Dimensionless parameters 

 휁 =
𝑧

𝐿𝑅
;  Θ =

𝜙 − 𝜙𝑡0

𝜙𝑖𝑛 − 𝜙𝑡0
; 𝜏 =

𝑡

𝑡′
=

𝑢𝑡

𝐿𝑅
 

Transformation PDE 74 using dimensionless parameters 

 𝜕Θ

𝜕𝜏
=  −

𝜕

𝜕휁
[Co ∗ Θ + Fonum

𝜕Θ

𝜕휁
] ; 𝐶𝑜 =

𝑢𝑡′

𝐿𝑅
; 𝐹𝑜𝑛𝑢𝑚 =

𝐷𝑛𝑢𝑚𝑡′

𝐿𝑅
2  

75 

 

Table 13: Boundary and initial conditions numerical diffusion model 

Initial conditions 𝜏 = 0  

0 ≤  휁 ≤ 1 Θ = 0 Constant concentration profile 

Boundary conditions 𝜏 > 0   

휁 = 0 Θ = 1.0 Dirichlet boundary 

휁 = 1 𝜕Θ

𝜕휁
= 0 

Neumann Boundary 

 

Analytical solution pure convection 

Θ(휁, 𝜏) {

0
𝑢𝜏

𝐿𝑅
<  휁

1
𝑢𝜏

𝐿𝑅
≥ 휁

 

Analytical solution (convection + diffusion) 

Θ(휁, 𝜏) =
1

2
𝑒𝑟𝑓𝑐 (

1 − 𝐶𝑜

√4𝐹𝑜𝑛𝑢𝑚

) 
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Concentration ratio 

𝑟𝑖 =
Θi+1 − Θi

Θi − Θi−1
 

Implemented flux limiter functions: first order upwind scheme (UWS), SUPERBEE 

(SB) [32] & Monotonized Central scheme [33] (MC). The flux limiter parameters are 

presented in Table 14. 

Table 14: Flux limiter parameters depending on concentration ratio for UWS, SB and MC. 

Fluxlimiter Fluxlimiter function 

UWS 𝐹𝐿 =  0 

SB 𝐹𝐿 = max [0, min(2𝑟, 1),min(𝑟, 2)] 

MC 𝐹𝐿 = max [0,min(2𝑟, 0.5(1 + 𝑟), 2)] 

 

Comparison numerical diffusion using adapted Courant number based on timescale 

and grid points, defined in equation 76. The results for are presented in Figure 24. 

 
𝐶𝑜′ =

𝑢∆𝑡

∆𝑥
; ∆𝑧 =

𝐿𝑅

𝑁𝑍
 

76 

 
 

 
      (a)       (b) (c) 

Figure 24: Analysis of numerical diffusion at increasing gridcell values for fluxlimiters (a) first order upwind scheme 

[UWS], (b) SUPERBEE fluxlimiter and (c) Van Leer fluxlimiter. 
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Figure 25: outlet concentration profile compared to analytical solution 
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Appendix I Source term linearization analysis 

Source term linearization in transport equations is required to correctly handle the 

non-linearities, by transforming these into linear form and then iteratively account for 

the non-linearity. For dynamic modelling, the linearization result into more accurate 

solution and requires lower amount of time steps when linearization is not taken into 

account. The objective for this analysis is verification of the implementation of source 

term linearization using analytical solution for comparison. In this analysis, a batch 

reactor is simulated and numerical results are compared with available numerical 

solutions. The source term linearization and Jacobian matrix construction is presented 

in equation 80 and 81. The results are graphically presented in Figure 26. Typical 

values of γJac in simulations used are 10−8 up to 10−6 to estimate the local gradient 

accurately.  

Material balance 

 𝜕𝜙

𝜕𝑡
= 𝑅 ;  𝑅 = −𝑘𝑟𝜙

𝑛 77 

 

Where ϕ is the concentration, R the reaction rate , kr is reaction rate constant and n is 

reaction order. 

Introduction dimensionless parameters 

Θ =
ϕ

ϕt0
; Da = krtϕ0

n−1 

The analytical solutions for equation  

 
Θ(Da, n) =  {[1 − (n − 1)Da]

1
1−n n ≠ 1

exp (−Da) n = 1
 78 

 

Numerical implementation linearization for implicit solution method: 

 ϕn+1 − ϕn

∆t
= Sϕ|

n+1
  

79 

 Sϕ|
n+1

= Sϕ|
n

+ 𝐉|n(ϕn+1 − ϕn)  80 

 

Jacobian calculation 

 
𝐉|n =

∂R

∂ϕ
|
n

≈
R(ϕn) − R(ϕn + ∆ϕ)

∆ϕ
 ;  ∆ϕ =  {

γJacϕ
n ϕn > γJac

γJac ϕn ≤ γJac
 

81 
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Rewrite equation 79 & 80 to solve system of equations using implicit method: 

 ϕn+1 = (𝐈 − 𝐉|n∆t)inv ∙ [(𝐈 − 𝐉|n∆t)ϕn + Sϕ|
n
∆t] 82 

 

 
Figure 26: result of simulation of reaction order −2 ≤ 𝑛 ≤ 2, comparison with analytical solution with 

𝑘𝑟 = 0.1 𝑚𝑜𝑙𝑛−1𝑚−3 ∙ 𝑠−1, ∆𝑡 = 0.1 𝑠, 𝐶0 = 2.0 𝑚𝑜𝑙 ∙ 𝑚−3 
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Appendix J  Pd-Ag individual membrane deviation 

The individual hydrogen permeance with experimental error per membrane is plotted 

in Figure 27. It can be observed that membranes M25 & M26 contribute less to 

hydrogen permeance than membranes M29 & M30 under same conditions.  

 
Figure 27: relative error membranes M25(red), M26(blue), M29(green) and M30(magenta) 

compared to model equation. Temperature lines from left to right: 400, 450, 500, 525 °C 

 

Appendix K Thermodynamic parameters 

Table 15: Heat of formation and Gibbs free energy parameters [34] 

∆𝐻𝑟 = 𝐴 + 𝐵𝑇 + 𝐶𝑇2 [𝐽/𝑚𝑜𝑙𝑟𝑒𝑓] ∆𝐺𝑟 = 𝐴 + 𝐵𝑇 + 𝐶𝑇2  [𝐽/𝑚𝑜𝑙𝑟𝑒𝑓] 

Reaction A 

[103] 

B 

[100] 

C 

[10-3] 

Reference 

compound 

1 -962.6 25.2 0.0 𝑂2 

2 152.4 26.3 -20.0 𝐶𝐻4 

3 0.4 -13.4 0.0 𝐻2 

4 -41.5 -11.9 4.0 𝐶𝑂 

5 193.6 38.2 -24.0 𝐶𝐻4 

6 193.2 51.6 -24.0 𝐶𝐻4 

7 234.7 50.1 -28.0 𝐶𝐻4 

8 -41.6 1.5 4.0 𝐶𝑂 

9 63.9 40.8 20.0 𝐶𝐻4 

10 129.2 10.8 -4.0 𝐻2𝑂 

11 170.8 9.3 -8.0 𝐻2𝑂 
 

reaction 𝐴 

[103] 

𝐵 

[100] 

𝐶 

[10−3] 

6 215.5 -238.5 5.0 

7 255.2 -278.5 1.0 

8 -39.7 40.0 -4.0 

9 83.8 -104.3 0.0 

10 131.7 -134.2 -5.0 

11 171.4 174.2 -1.0 
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Appendix L Physical parameters 
Appendix L.1 Gas and particle density 

 𝜌𝑔 =
𝑝𝑅

𝑅𝑇𝑅
∑𝑦𝑘𝑀𝑤,𝑘 [

𝑘𝑔

𝑚𝑔
3] 83 

 𝜌𝑝 = (1 − 휀𝑝)∑𝑥𝑚𝜌𝑠 [
𝑘𝑔

𝑚𝑝
3] 84 

 

Appendix L.2 Gas viscosity 

Viscosity based on linear fractional contribution per compound: 

 𝜇𝑔 = ∑𝑦𝑘𝜇𝑘 [
𝑘𝑔

𝑚 ∙ 𝑠
] 85 

Gas compound viscosity [35]  𝑇𝑅 < 555 𝐾; 𝑝𝑅 ≤ 34.5 𝑏𝑎𝑟 

 
𝜇𝑘 = 𝜇𝑟𝑒𝑓,𝑘 (

𝑇𝑅

𝑇𝑟𝑒𝑓
)

3/2
𝑇𝑟𝑒𝑓 + 𝑆𝑃𝑘

𝑇𝑅 + 𝑆𝑃𝑘
 [

𝑘𝑔

𝑚 ∙ 𝑠
] 86 

 

Table 16: Sutherland parameters for viscosity calculation 

compound 𝜇𝑟𝑒𝑓 [10
−6] 𝑇𝑟𝑒𝑓 [𝐾] 𝑆𝑃 [𝐾] 

𝑁2 18.27 291.15 111 

𝑂2 20.18 300.55 127 

𝐶𝐻4 17.16 273.15 197.8 

𝐻2𝑂 𝜇𝐻2𝑂 = 12.2 ∙ 10−6 

𝐻2 8.76 293.85 72 

𝐶𝑂 17.2 288.15 118 

𝐶𝑂2 14.8 293.15 240 
 

Appendix L.3 Gas mass diffusion coefficient 

Compound diffusion coefficient, Wilke et al. [36] 

 
𝐷𝑘 =

1 − 𝑦𝑘

∑
𝑦𝑙

𝐷𝑙𝑘

𝑁𝑘
𝑙=1
𝑙≠𝑘

 
[
𝑚2

𝑠
] 87 

Binary diffusion coefficient: Fuller et al. [37] 

 
𝐷𝑙𝑘 = 1.03 ∙ 10−7

𝑇𝑅
1.75

𝑝𝑅
[

1

𝑀𝑤,𝑙
+

1

𝑀𝑤,𝑘
]

0.5

∗ [∑𝑉𝑙

1
3 + ∑𝑉𝑘

1
3]

−2

 [
𝑚2

𝑠
] 88 
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Table 17: Molecular volume parameters for binary diffusion coefficients 

compound 𝑉𝑘 compound 𝑉𝑘 

𝑁2 17.9 𝐻2 7.07 

𝑂2 16.6 𝐶𝑂 18.9 

𝐶𝐻4 24.4 𝐶𝑂2 26.9 

𝐻2𝑂 12.7   
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